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Abstract

Membrane separation and chemical solvent absorption technologies are both widely employed
for Natural Gas (NG) Sweetening. A new hybrid process combining the advantages of both
technologies, called membrane contactor (MBC), has been drawing significant attention over
the past decade. MBC is considered a promising process for intensification purposes, as it can
provide high specific surface areas, independent control over the gas and liquid flow rates,
modularity, and compactness. Nevertheless, no literature to date has conducted a process-wide
assessment of using MBC for NG sweetening, and therefore, its intensification potential cannot
be systematically quantified. This challenge is the motivation of the research presented in this

thesis.

The main objective of this work is to develop process-wide modeling of NG sweetening using
MBC to enable MBC process design and performance assessment. A predictive mathematical
model of high-pressure MBC for NG sweetening with alkanolamines as the chemical solvent
was developed. The model explicitly accounts for the rates of mass transfer through the
membrane, diffusion, and chemical reaction in the liquid phase. A combination of 1-d and 2-d
mass-balance equations to predict the CO; absorption flux was considered, whereby the degree
of membrane wetting itself is calculated using the Laplace-Young equation based upon
knowledge of the membrane pore-size distribution, fluid flow configuration, and operating
condition. The MBC model can also predict the solvent evaporative losses and the hydrocarbon
(HC) absorption into amine solvent, which is important to maintain the CO> absorption
performance in MBC and to quantify the potential solvent make-up and product loss. Then, a
full-scale steady-state MBC-based NG sweetening process was developed whereby the MBC
model (absorption section) is integrated with the conventional solvent regeneration model

(desorption section) in the gPROMS ProcessBuilder environment.

The predictive capability of the model was tested using two sets of membranes with different
characteristics, against data from two experimental settings; a lab-scale MBC module, where
the purification is conducted using binary gas mixtures of CH4/CO2 and N2/CO»; and a pilot-
scale MBC module operated under industrially relevant conditions at a NG processing plant in
Malaysia. The important operation and design parameters such as the CO» partial pressure, gas
and liquid flowrates, pressure, temperature, liquid CO; loading, membrane area and fiber

length were varied to determine the performance of MBC. The model results clearly showed
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the change in the CO» absorption performance and the energy consumption related to the
variables. All model predictions showed a close agreement with the measured CO; absorption
fluxes, energy consumptions and the HC absorption and recovery from the solvent. The MBC
model provided valuable research recommendations, whereby approximately 80% increase of
CO» absorption performance was achieved in MBC pilot plant by operating a smaller diameter

of hollow fiber membrane in a horizontal orientation.

The integrated process model is used to analyse the effects of various design configuration and
operating conditions, such as the lean and semi-lean operations to meet sales gas specification.
The experimental data and model analysis has confirmed the advantages of semi-lean operation
in terms of energy reduction and physical footprint. Finally, a model based scale-up of a
commercial MBC for NG sweetening was conducted to gauge its intensification potential.
Overall, the scaled-up MBC commercial module showed promising prospects, whereby (i) the
predicted reboiler energy per ton of CO2 removed is lower than the conventional amine
absorption column by 12 - 50%; (ii) the predicted amine loss rate per treated gas and per ton
of CO; removed are lower compared to the typical loss rates reported in a conventional amine-
based processes; and (iii) a potential savings of US$ 0.96 — 1.1 million yr' from the HC
recovery can be realized, subject to further sweetening of the flash gas. Nevertheless, the MBC
may require larger footprint than conventional absorption column due to horizontal operation.
Going forward, the MBC model can be used to provide research and development targets, such
as the improvement in membrane specific surface area and the hydrophobicity to enable
commercial MBC modules to be stacked, thereby improving the intensification potential in

terms of footprint.
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Chapter 1 Introduction

1.1 Background

Natural Gas (NG) is presently the third most-utilized form of fossil fuel energy and is widely
used for electricity production, heat and transportation. In the reference case of the
International Energy Outlook (International Energy Outlook, 2016), the world’s NG
consumption is expected to increase by 69% between 2012 and 2040, accounting for 29% of
the energy consuming market, and surpassing coal as the second most utilized fuel by 2030.
NG consists of a mixture of combustible hydrocarbon gases typically from methane (CHs) to
pentane (CsHi2), with impurities such as carbon dioxide (COz). Removal of CO> from NG is
vital for various reasons. The sales gas specification for NG typically imposes a CO> content
lower than 2% (TransCanada, 2016). In liquefied natural gas (LNG) plants, CO> should be
removed further to meet the tight specification of <50 ppmv, so as to avoid freezing in low-
temperature chillers (liquefaction process); and in ammonia plants, CO> concentrations of <100
ppmv are needed to prevent catalyst poisoning (Boucif et al., 2012; Hoff, 2003). As far as
pipeline transport is concerned, CO> removal avoids pumping any extra volume of gas and
reduces the risk of corrosion when moisture is present in process equipment and pipelines.

Regarding NG utilization lastly, the presence of CO: reduces the heating value of NG.

Figure 1.1 depicts the available CO2 removal techniques based on physical and chemical
principles, including absorption, adsorption, membrane separation, direct conversion, and
cryogenic fractionation. The selection of these methods depends on several parameters such as
the (1) CO: content and partial pressure in the feed stream; (i1) required CO» purity of the treated
gas; (iii) nature of other components present in the feed stream; (iv) gas flowrate, pressure and
temperature of the feed stream; and (v) capital and operating costs for the process. Figure 1.2

shows the general guidelines for process selection of CO; removal technologies.
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Both Figures 1.1 and 1.2 show that absorption using solvents is a commonly used process for
CO2 removal. In particular, chemical solvent absorption remains the most widely adopted
technology to capture CO», using conventional packed, spray or bubble column absorption
towers as depicted in Figure 1.3. These processes are based on the CO> chemical dissolution
in an alkaline solvent, through its selective reaction with one or several of the solvent
components. Then, the CO,- rich solvent is regenerated via the application of heat producing a
stream of lean solvent and a CO» gaseous stream (Wang et al., 2011). The lean solvent is then
recycled back to the conventional absorption towers. About 90% of the acid gas treating
processes in operation use alkanoamines solvents (alkaline), such as methylethanolamine
(MEA), diethanolamine (DEA), and methyldiethanolamine (MDEA), due to their versatility
and ability to remove acid gases to ppm levels (Paul et al., 2007). Nonetheless, conventional
absorption towers have a high capital cost and a large physical footprint, and they are subject
to operational problems such as flooding, channeling, foaming and liquid entrainment

(Gabelman & Hwang, 1999).
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Figure 1.0.3: A typical NG sweetening by chemical solvent absorption. Adapted from: Gas
Processors Suppliers Association (2004).

Membrane separation technology has been applied since the 1980s for CO> removal in large-
scale applications, due to their potential to reduce the footprint and the capital and operating
costs (He & Hagg, 2012). For membrane separation, CO> selectivity is provided by the

membranes themselves. Their selectivity is related to the nature of the membrane material,
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which usually consists of thin polymeric films such as cellulose acetate, and to the mixture
itself based on the relative rates at which the constituent species permeate. The components
dissolve in the polymer at one surface and are transported across the membrane as a result of a
concentration gradient (Subhasish, 2017). The concentration gradient is maintained by the
difference in the partial pressure of the components at either side of the membrane, as depicted

in the left plot of Figure 1.4.

Unlike chemical solvent absorption, the selectivity of this separation process is low, which can
lead to significant product loss. Furthermore, the purity of the captured CO; is low for the
same reason (IEA, 2004; Wang et al., 2011). The right hand plot in Figure 1.4 shows a two-
stage membrane separation process with intermediate re-compression in order to increase
methane recovery to 98.7%. Greater levels of methane recovery or higher CO» purity at the
permeate side can be achieved by the application of multistage separation, but can quickly
become uneconomical due to the membrane cost and the recompression energy required (IEA,

2004; Kidnay and Parrish, 2006).
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Figure 1.0.4: Left: Principle of membrane separation (Adapted from Hoff, 2003); Right: A
non-optimized two stage CO2/CH4 membrane separation process (Kidnay and Parrish, 2006).

As the worldwide demand for NG increases, it is paramount to improve the existing processes
of NG sweetening. In recent years, alternative technologies have been developed to overcome
the drawbacks of conventional technologies and improve their intensification potential in terms
of energy requirements, weights and footprint at industrial scale; membrane gas absorption is

one of them. Membrane gas absorption, also known as membrane contactor (MBC) is the

14



integration of a membrane with an absorption process, into a single unit operation. By
combining membranes and solvents, MBC offers a unique way to perform gas-liquid
absorption (Gabelman & Hwang, 1999). The microporous membrane acts as a non-selective
phase barrier, allowing the liquid and gas phases to contact each other, yet without the
dispersion of one phase into the other. This barrier prevents flooding or foaming issues from
happening, thereby making MBC relatively simple to operate. Their packaging into hollow-
fiber membrane (HFM) modules offers a higher mass transfer area compared with conventional
packed columns, giving MBC a high intensification potential (Rangwala, 1996; Favre, 2011).
This modularity also empowers a more flexible design and scale-up. The effectiveness of MBC
for both pre- and post-combustion CO; capture, as well as NG sweetening and dehydration,
has been extensively studied and compared with conventional techniques over the past decades;
see, e.g., review papers by (Mansourizadeh and Ismail, 2009; Favre, 2011; He & Hégg, 2012;
Hoff and Svendsen, 2014). In NG sweetening, for instance, Hoff and Svendsen (2013) reported
a 75% size reduction using MBC compared to conventional packed columns. This technology
has been embraced by the industry too, with recent patents on acid gas removal from NG
granted to Petroliam Nasional Berhad (PETRONAS) (Quek et al., 2015) and the Gas
Technology Institute (GTI) (Zhou & Meyer, 2014).

1.2 Research Aim

MBC is considered an immature technology for CO2 removal at high pressure, and no literature
to date has reported MBC as a commercially viable technology for CO; removal from NG. As
such, the research aims to evaluate the intensification potential of MBC for NG sweetening

application, with a view to bringing this technology into commercial operation.

1.2.1 Research Objectives

Mathematical models provide an effective tool to understand the CO» removal mechanisms in
MBC, whereby a suitable approach to model CO> absorption in MBC utilizing solvent will be
determined. The research will involve the development of the predictive MBC mathematical
modeling taking into account the membrane wetting, rate of diffusion and chemical reaction in
the gas and liquid phases, followed by verification of the lab-scale and pilot-scale experimental
data. The impact of various parameters such as MBC’s characteristics, operating parameters,

and flow configurations on the CO> absorption performance is examined to enable MBC
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optimization and process design. Then, the MBC model is integrated with other unit operations
to develop a full-scale MBC based NG sweetening process model in order to analyze the effects
of different conceptual designs and operational decisions for process scale-up and performance

assessment.
1.2.2 Thesis outline

The thesis is structured as follows: in Chapter 2, a literature review on MBC for CO> removal
is conducted for gas absorption using microporous, hydrophobic membranes. The literature
review firstly focuses on membrane materials and characteristics as well as MBC’s modes of
operation. A guideline for various membrane-solvent combinations, MBC configurations and
geometries are discussed. Then, the literature review of various modeling techniques for CO»
capture in MBC utilizing amine solvent is conducted. Chapter 3 describes the development of
the predictive mathematical modeling of high-pressure MBC for NG sweetening. The model
predictions are verified against data from two experimental settings for a lean amine operation:
a lab-scale MBC module and a pilot-scale MBC module operated under industrially relevant
conditions at an NG processing plant in Malaysia. The impact of operating conditions,
membrane characteristics, and module orientation are discussed, and remediation strategies are
recommended. In Chapter 4, further development of the MBC model is conducted to include
solvent losses from evaporation, energy balance, and hydrocarbon absorption into the solvent.
The predictive capability of the model is then examined and verified with experimental data
for both lab-scale and pilot-scale MBC modules for semi-lean amine operation, using a new
membrane fiber compared to Chapter 3. Subsequently, in Chapter 5, for the first time, the MBC
model is integrated with the solvent regeneration as a full-scale NG sweetening process model
for process-wide design and operations. Again, the model predictions are verified against the
pilot-scale MBC module in terms of overall energy consumption for lean and semi-lean amine
operations. Model-based analysis on the pilot-scale MBC is conducted to determine (i) the
solvent flowrate for lean and semi-lean operations and the impact on energy consumption; (ii)
the optimum pressure at the rich solution flash drum for maximum fuel gas recovery; and iii)
the amount and composition of the solvent make up required for continuous operation. Then,
a model-based design scale-up of a multiple commercial MBCs for NG sweetening is
conducted to assess its intensification potential based on the key performance indicators (KPIs)
of an NG sweetening process. Lastly, the work presented in the thesis is summarized in Chapter
6, highlighting the contributions that have been made. Recommendations and directions for

future work are also discussed.
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Chapter 2 Literature Review

2.1 Membrane Contactor Technology

2.1.1 The principle of membrane contactors

In membrane contactors (MBC), the gas phase is separated from the liquid phase by a
microporous hollow-fiber membrane (HFM), and selectivity for separation is provided by the
absorption liquid which may be of similar type as in conventional absorption towers (i.e.,
physical or chemical solvent) (Mansourizadeh and Ismail, 2009; Boributh et al., 2012). The
principle of MBC is illustrated in Figure 2.1.

Microporous
membrane

T P SO OF NP OF SO SOP S0P SOP O O,

Natural Gas Absorption Liquid

Figure 2.1:Principle of membrane contactor (MBC). Adapted from: (Hoff, 2003).

Hollow fibers are stacked into a membrane module, in order to achieve a very high compaction
and therefore exchange area. A hollow-fiber MBC consists of three main sections, namely tube
side, membrane side and shell side. Either fluids (i.e., gas or liquid absorbent) can flow in the
tube or shell side, in a parallel or cross-flow configuration. An illustration of parallel counter-

current flow configurations and pictures of lab scale MBC are shown in Figure 2.2 and 2.3.

Pluid 2 Fluid #2 CC%_ES\_/ )

out n — e

af o

. — A ﬁxﬁ_ﬂ/ﬁ ,/';

Fluid #1 _— Nua# —— e
in out ﬁ

Mbsorbent

Figure 2.2: Schematic diagram of the parallel flow in horizontal (left) and vertical (right)
MBC operation (Sohrabi et al., 2011; Rongwong et al., 2012).
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Figure 2.3: Lab scale membrane contactors of various sizes.

2.1.2 Advantages and drawbacks of membrane contactors

This subsection presents the benefits of MBC that have been reported in the literature.

Economics from Process Intensification. Due to microporous and small diameters of HFM,
MBC can provide up to 30 times higher contact area per unit volume compared to conventional
columns as shown in Table 2.1 (Hoff et al., 2004; Mansourizadeh and Ismail, 2009; Rongwong
et al., 2012; Hoff and Svendsen, 2013).

Table 2.0-1: Specific surface area for typical contactors (Mansourizadeh and Ismail, 2009).

Contactor Specific surface area (m?/m?)
Free dispersion column 1-10

Packed column 100-800

Mechanically agitated column 50-150

Membrane contactor 1500-3000

Therefore, compact MBC units can be designed which result in significant savings in weight,
volume, and footprint, hence better economically. Falk-Pedersen and Dannstrém (1997)
reported that MBC could lead to a reduction by circa (ca.) 70% in size and ca. 88% in weight
compared to conventional columns for CO; separation. Likewise, Hoff and Svendsen (2013)
reported that a reduction in 75% of absorber size could be achieved for CO; removal from
natural gas compared to a conventional packed column. These advantages enable the
application of MBC to space-constrained environments, such as on offshore or floating liquid

natural gas (FLNG). Also, mist-eliminator/demister which are used in conventional gas-liquid
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contactors can be omitted in MBC since the gas and liquid do not disperse to one another

(Dindore, 2003).

Operational flexibility MBC provides gas and liquid contact without phase dispersion, and the
gas and liquid flowrates can be varied independently, unlike conventional packed and spray
towers. The decoupling between gas and liquid phases prevents any momentum transfer from
occurring across the phase boundary. As a consequence, the operational challenges faced by
conventional absorption towers, such as foaming, channelling, entrainment and flooding, are
eliminated (Li and Chen, 2005). MBC can furthermore also operate in horizontal or vertical

orientation as described in Chapter 3 (Sec. 3.1) and Chapter 4 (Sec. 4.3).

Linear scale up Modular MBC can be designed whereby the diameter, length and number of
fibers are fixed, thus having a constant interfacial area per module. This modularity of
membrane modules simplifies the fabrication, design and enable a linear scale-up (Li and Chen,

2005) as described in Chapter 5 (Sec 5.6).

On the other hand, MBC has possible disadvantages as the membrane itself provides resistance
to mass transfer. It can be said that the extra resistance from the microporous membrane can
be minimized by proper membrane design or combination of membrane and solvent. In
addition, due to the small diameter and pore sizes of hollow fibers, gas pre-treatment is required

to remove particles, dust and liquid droplet to avoid clogging of the membrane module.

Accurate control of the pressure difference between the liquid and gas, also known as
transmembrane pressure is vital in MBC to prevent membrane wetting, unwanted froth, foam
and dispersion between the two phases, which ultimately could reduce mass transfer efficiency
(Dindore, 2003). MBC may suffer from bypassing and dead zone formations on the shell side
which also results in a loss of efficiency (Dindore, 2003). Membranes and the resins potting
the membranes may have a considerably lower life span than conventional gas-liquid
contactors or their parts (Dindore, 2003). Therefore, suitable and stable membrane material

shall be selected to avoid the substantial cost of frequent membrane replacement.
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2.1.3 Membrane Materials and Charaterization

In principle, different types of membrane can be used in MBC to separate both contacting
phases. Membranes used in MBC are classified into two groups namely, organic (i.e.
polymeric) and inorganic membranes (Mansourizadeh and Ismail, 2009). Polymeric
membranes are mostly used in MBC research and development due to the possibility to modify
their intrinsic properties, such as thermal, mechanical and porosity by a surface modification
which can be carried out through different techniques such as photochemical modification,
coating, etc. (Membrane Science & Technology, 2005; Mansourizadeh and Ismail, 2009).
Examples of polymeric membranes are polyvinylidene fluoride (PVDF),
polytetrafluoroethylene (PTFE), polyethylene (PE), polypropylene (PP), polysulfone (PS) and
polyetheretherketone (PEEK). It can be said that PTFE, PVDF, and PP have similar properties
and that they exhibit good to excellent thermal and chemical stability (Mansourizadeh and

Ismail, 2009).

Thermal stability is an important parameter to ensure that the membrane material will not
degrade or decompose under high temperatures. Change in the membrane material depends on
the glass transition temperature, Ty , whereby higher T, can enhance both its chemical and
thermal stability (Mansourizadeh and Ismail, 2009). Table 2.2 shows the glass transition

temperatures for commonly used polymers in gas absorption MBC.

Table 2.0-2: Glass transition temperature, T of selected polymers (Mansourizadeh and Ismail,

2009).

Polymer T, (deg C)
Polytetrafluoroethylene (PTFE) 126
Polypropylene (PP) -15
Polyethylene (PE) -120
Polyether sulfone (PES) 230
Polysulfone (PS) 190
Polyvinylidene fluoride (PVDF) -40
Polyimide (PM) 300
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Table 2.2 shows that PE and PP have very low Ty values, which could contribute to the
instability and wetting problems, as reported by Kreulen et al. (1993) and Nishikawa et al.
(1995). PTFE has a much higher Ty compared to PE and PP, which contributes to its higher
stability. For NG sweetening, a membrane with moderate T, can be selected as the separation
can be carried out near ambient temperatures. On the other hand, a membrane with high T,
(possibly over 100°C) should be selected for CO> capture from flue gases which are typically
emitted at high temperatures. (Mansourizadeh and Ismail, 2009).

PE, PP, and PTFE present a high chemical resistance and are usually manufactured by
stretching and thermal methods as they cannot be dissolved in any common solvent. Therefore,
relatively low porosity membranes are fabricated which limit the absorption flux

(Mansourizadeh and Ismail, 2009).

PVDF is soluble in aprotic solvents such as dimethylformamide (DMF), dimethylacetamide
(DAMC) and triethylphosphate (TEP). It is prepared via phase-inversion method and can
provide relatively higher porosity membrane (Mansourizadeh and Ismail, 2009). Therefore,
researchers have shown great interest in the preparation of PVDF and modified PVDF
membranes for various membrane-based separation applications such as gas absorption MBC,
membrane distillation and pervaporation (Deshmukh and Li, 1998; Wang et al., 2000; Yeow
et al., 2004).

The choice of membrane material is driven not only by the thermal and chemical properties
but also by the hydrophobicity of the material. PTFE, PP, PVDF, and PE are all polymers with
high hydrophobicity and low surface energies (Dindore, 2003). Polymers with low surface
energy will have a higher resistance towards wetting by the liquid solution. And when the
material is hydrophobic, water cannot wet the membranes spontaneously (Mansourizadeh and
Ismail, 2009). Table 2.3 below shows the surface energy of selected polymers that can be used

in MBC.
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Table 2.0-3: Surface energies of polymer materials (Mulder, 1996).

Polymer Surface energy mN/m
Polytetraflouroethylene (PTFE) 19.1
Polytriflouroethylene 23.9
Polypropylene 30.0
Polyvinylideneflouride 30.3
Polyethylene 33.2

It can be seen that PTFE has significantly lower surface energy than other polymers. It was
reported in various researches that PTFE membrane has high resistance to wetting after long
hours of operation (Nishikawa et al., 1995; Falk-Pedersen and Dannstrom, 1997; deMontigny
et al., 2006; Chan et al., 2013). A study by Falk-Pedersen and Dannstrom (1997) reported that
PTFE is the only suitable membrane for use with alkanolamines. Nishikawa et al. (1995) also
found PTFE to be chemically stable, have a high degree of hydrophobicity, and be effective
for more than 6600 hours when CO; removal experiments were conducted with alkanolamine.
On the other hand, Kreulen et al. (1993), Nishikawa et al. (1995), deMontigny et al. (2006),
and Chan et al. (2013), reported that tests with CO; absorption into alkanolamine using PS,
PVDF, PE, and PP membranes have shown a deterioration of the resistance to liquid
penetration after a long period of operation. This is probably due to a combination of surface
wetting and/or swelling of the polymer with time. Meyer et al. (2010) reported that super-
hydrophobic PEEK membranes developed by GTI and PoroGen are compatible with

alkanolamines to remove CO2 based on laboratory tests.

Inorganic membranes such as ceramic membrane with better chemical and thermal stability
and high mechanical strength, could be used as an alternative. However, these membranes are
hydrophilic due to the presence of hydroxyl group (—OH) in the ceramic material. As a result,
membrane surface modification is required to improve their hydrophobicity. This property is
considered to be a disadvantage as membrane wetting creates additional membrane resistance

for CO; mass transfer (Mansourizadeh and Ismail, 2009).

Relevant structural properties of a membrane consist of its thickness, pore size distribution,
porosity, and tortuosity. A typical membrane is prepared from hydrophobic polymer materials
with high porosity, inner diameter (ID) in the range of 200-1000 microns, outer diameter (OD)
in the range 300-2000 microns, membrane thickness between 10-300 micron, pore sizes in the
range of 0.1 to 1 micron and tortuosity in the range of 4-5 (Mansourizadeh and Ismail, 2009).

Table 2.4 shows the typical characteristics of hollow fiber membranes used in MBC.
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Table 2.0-4: Characteristics of hollow fiber used in MBC (Mansourizadeh and Ismail, 2009).

Membrane 1D (m) 0D (pm) Pore Size (um) Porosity% Process

Polysulfone(PS) 200 400 0.05 - S0, absorption with NaOH, Na;C0s, Na;S0; and
NaHCO; solutions

Polysulfone(PS) 560 880 0.102 - H,S absorption with NaOH solution

Polyethersulfone(PES) 460 850 - - HaS absorption with NaOH solution

Polyethylene(PE) 482 706 - 0.82 (0, absorption with MEA solution

Polytetrafluoroethylene (PTFE) 1000 1700 - 0.40 €O, absorption with MEA solution

PP 600 1000 0.265 0.79 CO; absorption with CORAL 20 solution

PP 270 300 0.015 0.30 €O, absorption with water, DEA and NaOH solutions

PP 344 442 0.02-0.2 >0.45 C0; absorption with PG, MEA and MDEA solutions

Poly(vinylidene fluoride) (PVDF) 300 514 - 0.698 CO; absorption with pure water

PVDF 607 907 0.04 - H,S and CO; absorption with Na;COj; solution

PP 244 300 - 0.35 CO; absorption with MEA and AMP

PTFE 1000 2000 - 0.50 €0, absorption with MEA and AMP

2.1.4 Mode of Operation and Breakthrough pressure

In principle, the mass transfer processes in a membrane contactor are three-fold, namely
transfer from the gas phase to the membrane surface, transfer within the membrane pores, and

lastly transfer from the liquid interface to the liquid bulk as shown in Figure 2.4 below.

Ceoze Coozgmemt,  pesessess
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'
]
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Gas Bulk boundary layer membrane boundary layer Liquid Bulk
1/(kg ) 1K ) 1/(ky)

Figure 2.4: Schematic representation of mass transfer resistance in MBC (Chabanon et al.,

2013).
Additionally, hydrophobic membranes can be wetted by organic solvents, either partially or

fully. It is known that the operation of MBC can be classified into three modes, namely non-

wetted (dry), partially wetted, and fully-wetted, as illustrated in Figure 2.5.
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(c) Fully-wetted operation

Figure 2.5: Different degrees of membrane wetting in MBC operation. Adapted from: Lu et
al., (2008).

The non-wetted mode of MBC operation (Fig. 2.5a) is preferred since it presents a higher CO-
absorption rate, while partially- or fully-wetted membranes (Fig. 2.5 b,c) can decrease the
mass-transfer flux quite drastically, mainly due to a lower liquid diffusivity in the wetted
membrane phase. For instance, Zhang et al. (2008) revealed that when the membrane was
wetted by only 10% of its thickness, the ratio of the individual membrane resistance to overall
mass transfer resistance increased sharply from 10% to 70%. Many researchers have reported
the adverse effects of membrane wetting on process performance (Wang et al., 2005; Mavroudi

et al., 2006; Lu et al., 2008; Khaisri et al., 2010; Cui et al.,2015).

In principle, membrane wetting could be prevented by keeping the transmembrane pressure
difference below the breakthrough pressure, but partial-wetting may still occur in practice due
to non-uniform membrane pore-sizes, with bigger pores being more easily wetted. Many
factors are known to affect the degree of wetting, including the membrane properties and
various operating parameters, such as the inlet liquid pressure, liquid velocity, liquid
temperature, and amine concentrations (Lu et al., 2008; Mosadegh-Sedghi et al., 2012;

Boributh et al., 2012; Rongwong et al., 2015). Moreover, the variation in liquid pressure along
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the length of the HFM can affect membrane wetting considerably, e.g. due to pressure drops

or the static head in a vertical MBC.

In partially-wetted operations, a hydrophobic membrane with a non-uniform pore size
distribution exhibits a range of breakthrough pressures, with larger pores filled first, followed
by smaller ones. According to the Laplace-Young equation, a pore is wetted when the
transmembrane pressure difference APrypp , is greater than the breakthrough pressure, AP,

given by

—2ycos6
= 2.1)

AR.(8) =
where § [m] denotes the pore radius; y [N m'], the surface tension of the liquid phase; and 8

[rad], the contact angle of the liquid on the membrane.

The transmembrane pressure is defined as the difference between the pressures in the liquid

and gas phases, P, and P, [Pa], which is described in detail from Eq. (3.4) in Sec. 3.2.1.

It can be seen from Eq. (2.1) that a higher breakthrough pressure may be achieved by using
solvents with high surface tension, reducing the pore size or increasing the contact angle. The
desired situation is to operate at AP.> APrypp>0 along the MBC to prevent membrane wetting.
It should be noted that if APr\pp<0, then gas bubbles will penetrate into the liquid phase,
leading to large hydrocarbon loss. Therefore, it is common to operate at a slightly higher liquid
pressure than gas pressure, APrypp > 0 while remaining below AP to avoid gas bubble

formation into the liquid phase (Kang et al., 2017).

Most solvents used for bulk CO2 removal are organic and have relatively low surface tensions
compared to water. These solvents may contain ionic species, complexes, or other impurities

which that change the wetting characteristics of the membrane-liquid system.

It is reported that prolonged direct contact of the polymeric membrane surface with the solvent
can lead to morphological change and gradual membrane wetting (Wang et al., 2004; Dahlquist
et al., 2010). Hence, ensuring long-term stability and maintaining the gas removal efficiency

requires a careful combination of solvent and membrane material.
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2.1.5 Screening of Membrane-Solvent Combination

The critical parameters for solvent selection are the solubility of acid gases, thermal stability,
non-toxicity, low vapour pressure, easy regenerability and commercial availability at low cost
(Dindore, 2003; Mansourizadeh and Ismail, 2009). In addition, a solvent with low viscosity is
preferred to avoid high-pressure drops along the fibers while a high viscous solution also
reduces the mass transfer rates resulting into an increase in membrane area requirement. Table
2.5 outlines the properties and CO; solubility in terms of the distribution coefficient for various
commercially available physical solvents used in CO> absorption processes using conventional

contactors.

Table 2.0-5: Physical solvents for CO; absorption (at T=298K)(Dindore, 2003).

CcO: Surface Vapor
. R Viscosity Selectivity
Solvent solubility Tension Pressure
“ cP CO2/CH,4
m mN/m Pa
1 Propylene
3.50 41.5 2.5 26.31 11.33
Carbonate
2 Selexol 3.60 33.5 5.8 14.92 0.097
N-methyl
3 . 4.56 34.4 1.7 13.88 53.33
pyrrodilone
Dimethyl
4 . 4.86 30.2 0.8 - -
formamide
Tributyl
5 2.50 27.5 3.4 25.00 -
phosphate
Glycerol
[ . 3.70 35.8 3.5 20.55 0.13
triacetate
n-Formyl
7 , 3.15 49.1 6.7 - 869.31
morpholine
8 water 0.82 723 1.0 23.5 3167.20

# m = (CL/ Cg) equilibrium

For membrane selection, the initial screening is based on the hydrophobicity of the membrane.
Membranes having a high hydrophobicity and low surface energy such as PTFE, PP, PVDF,
PS, and polyethersulfone (PES) are suitable. Some research has been conducted on the
compatibility of membranes and solvents (Kamo et al., 1992; Barbe et al., 2000; Khaisri et al.,
2009; Chan et al., 2013). Dindore (2003) performed stability testing on several membranes and
by keeping them in contact with different solvents over a period of time. Then, the membranes
were investigated for the immediate spreading of a solvent and the damage caused by that
solvent to the membrane. Table 2.6 shows their results in terms of compatibility between

solvent and membrane material.
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Table 2.0-6: Membrane-solvent compatibility (Dindore, 2003).

Solvent PTFE PP PVDF PES PS
Water V V v v
Propylene Carbonate | X X X
Selexol V X X X X
N-methylpyrrodilone X X X X X
Dimethyl formamide X X X X X
Tributyl phosphate X X X X X
Glycerol triacetate ¥ X X X X
n-Formyl morpholine v \ X X X
\ = compatible combination X = incompatible combination

Only PTFE and PP membranes were found to be compatible with certain solvents. The rest of
the membranes showed incompatibility with the selected solvents chosen in terms of

morphological damage, swelling, shrinkages, color change or dissolution (Dindore, 2003).

Chan et al. (2013) reported that PTFE, PVDF, and PS are stable with alkanolamine such as
activated MDEA. They characterized the diameter, thickness, porosity, pore sizes, contact
angle and liquid entry pressure of these three membranes after immersion in activated MDEA.
They also reported that, even though the contact angles of membranes remain unchanged after
immersion in activated MDEA, PS could be wetted in activated MDEA after a few days while
PVDF was more resistant to wetting. In addition, PTFE was found to be highly resistant to
wetting even after immersion in activated MDEA solution during one month, making it suitable
for long term operation in MBC. Nishikawa et al. (1995), Falk-Pedersen and Dannstrom,
(1997), deMontigny et al. (2006) and Chan et al. (2013) also reported that PTFE maintained
CO; removal performance after a prolonged period of operation (i.e. more than 85 hours) with
alkanolamines, while other membranes suffered a loss in performance over the same period.
Likewise, Khaisri et al. (2009) had reported that PTFE membranes maintained their absorption
performance, while PVDF membranes did not maintain their absorption performance over the

same operation period.
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2.1.6 Module Configurations and Flow Patterns in MBC Modules

2.1.6.1 Types of Membrane Contactor

A successful MBC process design does not only consider membrane chemistry and structure,
but also module configuration (i.e., type and design/geometry) and flow pattern. Conventional
membrane module configurations can be adopted for gas-liquid MBC, which are generally
classified into two types, namely 1) flat sheet MBC and ii) tubular MBC. Flat sheet membranes
are used in plate-and-frame or in spiral wound MBC, whereas tubular membranes are used in
hollow fiber membrane and coiled tubular membrane configurations. The basic principle
governing a module design is to achieve the largest possible membrane surface area per unit
volume (i.e specific surface area). However, additional criteria are considered, such as the type
of separation, ease of operation, size of each unit, maintenance and cleaning requirements as

well as the cost. The characteristics of all module designs are compared in Table 2.7.

Table 2.0-7: Qualitative comparison of various membrane configurations (Constantinou,

2011).

Tubular Plate-and- | Spiral- Capillary | Hollow
frame wound fiber
Packing density Low ——— > ‘ Very high
Investment High | e e ecececccccco-- > ‘ Low
Fouling tendency Low | ============= »> Very high
Cleaning Good | TTTTTTTTTTTT7 > Poor
Membrane replacement | Yes/no Yes No No No

A hollow-fiber membrane module is a bundle of porous hollow fibers packed in parallel
alignment into a shell, similar in configuration to a shell and tube heat exchanger as shown in
Figures 2.2 and 2.3. Hollow-fiber membrane contactors are widely used due to higher
interfacial area compared to flat sheet membranes, and have been extensively used in gas-liquid
or liquid-liquid separation processes, such as gas absorption/stripping, extraction and
membrane distillation. (Mansourizadeh and Ismail, 2009; Constantinou, 2011). The fibers are
packed randomly on the shell side which may lead to non-uniform fiber distribution. As a
result, it may cause severe uneven flow distribution due to fluid channeling and bypassing on

the shell side, that lead to a decrease in mass transfer. The small fiber internal diameter can
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also limit mass transfer at the lumen side. Much research has been conducted to improve
features such as the homogeneity of fibers, packing density and the relative flow directions,

i.e., co-currently and counter currently, and cross-flows of the two phases (Mansourizadeh and

Ismail, 2009).

The remainder of this subsection discusses three types of hollow fiber membrane contactors,

namely longitudinal (parallel), cross flow and coiled modules.

2.1.6.2 Longitudinal Modules

In longitudinal modules, the gas and liquid phases flow parallel (either co-currently or counter-
currently) to each other on the opposite sides of the fibers. A schematic diagram of this type of

module is given in Figure 2.6.

Gas in Gas out

: ;
Liquid in —» T 0 — Liquid out
Membrane contactor module

Figure 2.6: A parallel-flow hollow fiber MBC in co-current operation (Mansourizadeh and

Ismail, 2009).

Much research on membrane gas absorption has been conducted at the laboratory scale on this
type of membrane module (Nishikawa et al., 1995; Falk-Pedersen and Dannstrom, 1997; Lu et
al., 2005; Boributh et al., 2012; Chan et al., 2013; Kang et al., 2017). The simplicity of their
manufacturing, well-known fluid dynamics in shell and tube side, and relatively easy mass
transfer estimation are the main advantages of this module. On the other hand, its main
drawback is a lower efficiency in mass transfer compared with the cross-flow module
(Mansourizadeh and Ismail, 2009). The choice between co-current and counter-current
operation is determined by the variation in transmembrane pressure, APrypp along the hollow
fiber membrane. It is known that the countercurrent process leads to a higher variation in
APrypp, Which can lead to partial membrane wetting and reduced mass transfer rates if the

breakthrough pressure, AP, is low. If the variation of transmembrane pressure APrypp is lower
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than breakthrough pressure AP, then counter-current is preferred as it offers higher average
concentration driving force compared to co-current and is preferred in situations where
membrane or fiber-side mass transfer resistance dominates (Wang and Cussler, 1993). In the
case of parallel flow, the overall mass transfer rate can be significantly reduced if the shell-side
mass transfer resistance is significant. In such instances cross flow configurations are attractive
as flow in the direction perpendicular to the fibers leads to higher shell-side mass transfer
coefficients. This is mainly due to the concentration boundary layer breaking up via continuous

splitting and remixing of the fluid flowing perpendicular to the fiber.

2.1.6.3 Cross-Flow Modules

In cross-flow modules, the flow of one of the fluids is perpendicular to the axis of the fiber,
and the other fluid flows parallel to the axis of the fiber. Therefore, the two fluids flow at right

angles/normal to each other. A schematic diagram of this type of module is given in Figure 2.7.
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Figure 2.7: Cross-flow MBC (a) TNO-MEP (b) Dire and Versteeg (Mansourizadeh and Ismail,
2009).

———
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In general, the cross-flow operation of hollow-fiber membrane contactors is preferred as it
offers several advantages such as higher mass transfer coefficients, minimal shell-side

channeling and lower shell-side pressure drop compared with parallel flow contactors. Dindore

30



and Versteeg (2005) carried out experiments to study the effect of various parameters,
including gas and liquid flow rates, and solute concentration in the feed stream, on the CO»
removal performance using water in a rectangular cross-flow gas-liquid membrane contactor.
It should be noted that the analysis of a cross-flow membrane contactor is complicated due to
the change in concentrations of both phases in the flow direction as well as in the direction

perpendicular to the flow (Dindore and Versteeg, 2005).

2.1.6.4 Coiled Modules

Coiled modules have attracted attention in ultrafiltration and nanofiltration membrane
applications (Mansourizadeh and Ismail, 2009). The curved channels of the hollow-fiber
membranes are used to create secondary flow (Dean Vortices) in the fluid within the tube,
which promotes fluid mixing and therefore improve mass transfer. A schematic diagram of this

type of module is given in Figure 2.8.
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Figure 2.8: Schematic representation of a coiled module (Liu, Li, Ding, et al., 2005).

A critical advantage of coiled modules over other techniques is their capability to simultaneous
improve mass transfer at both the lumen and shell sides (Liu et al., 2005). Liu et al. (2005)
examined mass transfer performances for stripping dissolved oxygen from water in coiled

hollow-fiber membrane modules. They found that, compared with the conventional straight
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module, the mass transfer at both tube and shell sides of the coiled hollow-fiber module were
doubled. These improvements can be attributed to the created secondary flows (known as Dean
Vortices) inside the coiled fibers and the extra turbulence at the shell side. Moulin et al. (1996)
investigated a helically wound hollow-fiber membrane module in an oxygenation operation
with water flowing in the laminar regime inside the tube. They compared it with a conventional
module with straight hollow-fiber membranes aligned in parallel. They showed that the
presence of vortices can improve the mass transfer rate by a factor of 2—4. Therefore, coiled
module can be considered as an alternative to improve mass transfer in hollow fiber membrane

contactors. However, few studies have been devoted to this type of modules so far.

2.2  Mathematical Modeling of Membrane Contactor

Mathematical models provide an effective tool to help understand the CO> removal
mechanisms in MBC, and thus enable a better assessment and optimization of their
performance. They can be used to investigate the acid gas absorption mechanisms and the
impact of various parameters, such as the membrane’s physical properties/characteristics,
operating parameters, and flow configurations. In turn, systematic optimization and scale-up
studies can be conducted to determine design options for superior CO2 removal performance

in MBC.

A large number of publications on modeling of MBC for CO» capture have reported a good
agreement of the model results with experimental data, even though different modeling
strategies were adopted. (Zhang Qi and Cussler, 1985a, 1985b; Malek et al., 1997; Wang et al.,
2004; Hoff et al., 2004; Lu et al., 2005; M. Al-Marzouqi et al., 2008; Keshavarz et al., 2008;
Khaisri et al., 2010; Faiz, El-Naas and Al-Marzougqi, 2011; Eslami et al., 2011; Boucif et al.,
2012; Chabanon et al., 2013; Boucif et al., 2015; Goyal et al., 2015). Chabanon et al. (2013)
conducted a comparison of different modeling approaches for CO> absorption with MBC, from
the simplest constant K7, to the more complex 2D model, where they adjusted single parameter,
namely the membrane mass transfer coefficient kn. Table 2.8 summarizes the main types of
modeling strategies and corresponding assumptions for a hollow fiber MBC in parallel counter-

current flow configuration.
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Table 2.0-1: Overview of different types of modeling strategies reported in the literature and
corresponding assumptions.

Modeling strategy Assumptions References
Constant overall 1. Plug flow for the gas phase in the membrane contactor. | (Zhang Qi and
mass transfer 2. Constant gas velocity in the axial direction. Cussler, 1985a;
model 3. Negligible CO; concentration in the liquid phase. Wickramasinghe
4. Isothermal conditions and steady state. etal., 1992;
5. Negligible pressure drop in gas phase. Bottino et al.,
6. Adjustable overall mass transfer coefficient or | 2008; Chabanon
membrane mass transfer coefficient. etal., 2013)
2D model with | 1. 2D modeling of the gas and liquid phases. (Al-Marzougqi et
gas-liquid 2. Cylindrical geometry. al., 2008;
equilibrium 3. Ideal gas behaviour. Faiz and Al-
4. Account for axial and radial diffusions in both phases. Marzougqi, 2010;
5. Negligible convective mass transfer in membrane pores | Faiz et al.,
because of small pore size. 2011;Eslami et
6. Isothermal conditions and steady state. al., 2011;
7. Laminar liquid and gas flow with fully developed | Chabanon et al.,
velocity profiles. 2013; Goyal et
8. Constant physical properties. al., 2015)
9. Henry’s law describing the gas-liquid equilibrium.
10. Non-wetted membrane, all except Al-Marzouqi et al.
(2008), Faiz and Al-Marzouqi (2010) and Goyal et al.
(2015) who consider partially wetted membranes.
11. Constant gas velocities along the axial direction for
diluted system, all except Faiz et al. (2011) who consider
a concentrated system.
2D model with 1. 2D modeling in gas or liquid phase. (Hoff et al.,
mass transfer 2. Mass transfer based on resistance in series concept. 2004;
coefficient 3. Cylindrical geometry. Wang et al.,
4. Steady state. 2004;
5. Ideal gas behaviour.
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diffusion. 2008;

velocity profiles, all except Hoff et al. (2004) and Boucif | al., 2015)
et al. (2015).

9. Constant physical properties, all except Hoff et al. (2004)
and Boucif et al. (2015).

10. Henry’s law describing the gas-liquid equilibrium.

11. Consider partially wetted membranes.

12. Constant gas velocities along the axial direction for a

diluted system.

6. Account for axial and radial diffusions, all except Hoff | Lu et al., 2005;
et al. (2004) and Boucif et al. (2015) who neglect axial | Keshavarz et al.,

7. Isothermal conditions, all except Hoff et al. (2004). Boucif et al.,
8. Laminar liquid and gas flow with fully developed | 2012; Boucif et

Almost all investigations were performed assuming liquid feed with fresh lean solvent and
isothermal conditions, except Hoff et al. (2004) who included initially loaded solutions and
accounted for temperature variations, leading to varying physicochemical properties. The study
revealed that the primary mass transfer resistance was located in the liquid phase. Recently,
Hoff and Svendsen (2013) made several improvements to their 2D model in a liquid phase by
using better thermodynamic models for the MEA and MDEA based systems, and better models
of the gas and liquid side pressure drops. Keshavarz et al. (2008) and Al-Marzougq;i et al. (2008)
took into account the influence of partial membrane wetting for CO; absorption using
alkanolamines. They concluded that membrane wetting, even at very low fractions, can
decrease the absorption flux significantly. Boucif et al. (2012) proposed a 2D model where the
velocity is characterized by Navier—Stokes momentum conservation equations and complex
reaction kinetic models are used in the liquid phase. Their results indicated that the
performance is dependent on the gas velocity and the module geometry. It should be said that
many papers present model validation using experimental data for binary mixtures of CO2/N2
or CO,/CH4, from laboratory-scale modules at atmospheric pressure except Faiz and Al-
Marzougqi (2010) who perfomed the experiments up to 50 bar. All three modeling approaches

outlined in Table 2.8 will now be detailed in the following subsections.
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2.2.1 Constant overall mass transfer coefficient models

Early publications (Zhang Qi and Cussler, 1985a; Wickramasinghe et al., 1992; Bottino et al.,
2008) considered a constant overall mass transfer coefficient Kj, which is a function of
different mass transfer coefficients. Based on the assumptions listed in Table 2.8, a CO> mass

balance on the gas phase can be expressed as

ac
vg — % = —KiaCeo, (2.2)

where vy is the gas velocity (m sh; Cco,, the CO> concentration in the gas phase [mol m];
KL, the overall mass transfer coefficient (m s™), which is assumed to be constant; a, the specific
interfacial area (m™); and z, the axial contactor coordinate (m). For a membrane contactor of
length L [m], the CO2 capture ratio after integration can be expressed (Chabanon et al., 2013),

as

n=1—exp (%) 2.3)

4

The term K a [s'] is one of the key process performance parameter used to compare between
different gas absorption technologies (Chabanon et al., 2013). When capture ratio, | and gas
velocity, vy are experimentally determined, K, is the only unknown being used to fit the data.
This model is advantageous as it enables process performances to be quickly assessed, but, it
lacks details on the three different mass transfer domains such as the mass transfer coefficients

for the gas, membrane and, liquid, respectively.

2.2.1.1 Mass transfer coefficient model

The overall mass transfer considers the three different mass transfer regions as shown in Figure

2.4. A resistance in series model can be used to describe the gas absorption into the solvent as:

— ==+ — (2.4)
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where Ky is the overall mass transfer coefficient and k;, ky,, and kg are the mass transfer

coefficients of liquid, membrane and gas in [m s™'], respectively. At equilibrium, the CO, mass

transfer flux, Jco, [mol m~2 s™*] for a non-wetted mode is given as:

Jeo, = kg(Ccoz,g - Ccoz.g.m)

= km(CCOZ,g,m - CCOZ,l,eq)
= ki(Cco,1eq — Cco,,1)

= K.(Cco,g — Cco,,) (2.5)

where Cco,1eq 18 the CO: concentration in liquid phase in equilibrium with the bulk

concentration of CO2 in gas phase.

For chemical absorption, k; = k{E, where E is enhancement factor due to chemical reaction
and k{ is the physical mass transfer coefficient. The enhancement factor, E can be calculated
from Eq (2.6) using the conventional mass-transfer model. Other methods of calculation for E
can be found in the literature (van Swaaij and Versteeg, 1992).

Ha

E= (2.6)

" tanh Hy

where the Hatta number, H, is given by

H, = YEovPil 2.7)

For H, > 3, tanh H, is approaching 1; thus, E is approximately equal to H,. The reaction of
CO; with an aqueous solution of MDEA or activated MDEA can be treated as a fast pseudo-
first-order reaction (Lu et al., 2005). In Eq. (2.8), k,y is the overall pseudo-first-order reaction
rate constant. When MDEA is the absorbent, then:

kov = kmpeaCumpEa (2.8)
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where Cypga 1S the concentration of the solvent and the reaction rate constant, kypga 18

determined as:

kpea = 4.01 X 10%exp(—=>2) (2.9)

If piperazine (PZ) is used as activator in MDEA, the reaction of CO> with PZ can be regarded
as the rapid pseudo-first- order reaction that is in parallel with that of CO> with MDEA. The

koy 1s then expressed as:

kov = kmpeaCumpea + kpzCpz (2.10)

where Cpy is the concentration of piperazine in the solution and the reaction rate constant, kpy

1s determined as:

kpz = 4.49 x 10'%exp(—22) 2.11)

The next paragraphs discuss the individual mass transfer on the membrane, shell side and tube

side.

Membrane mass transfer
For a partially wetted membrane, the membrane mass transfer coefficient, k,, (Paul et al., 2007;
Lu et al., 2008; Mansourizadeh and Ismail, 2009; Boributh et al., 2012) can be calculated by

the following equation:

1 _ Tray | _Trw 2.12)

km Dcoyg€  Dco,yl€

where Do, and Dco,; are CO: diffusion coefficients in the gas and liquid [m?s],
respectively and where 7, € are the membrane tortuosity and membrane porosity, respectively.
Tary = Im(1-3) and 7, = 3lm are the dry thickness and wet thickness of the membrane, where

the wetting ratio, 3 is defined as the ratio of pore length wetted by liquid, 7, to the overall pore

length/membrane thickness, Im. Figure 2.9 illustrates partial wetting in a membrane pore.
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Figure 2.9: Membrane pore partial wetting. Adapted from: Mansourizadeh and Ismail
(2009).

If the pore-size distribution of the membrane is known, the value of 3 can be estimated by

incorporating the Laplace equation, Eq. (2.1) into the following equation ( Goyal et al., 2015):

8 2
—;]’;szSQ/APTMPD s f(5) as

J‘Oamax 62 f((s) d5

3(2) = (2.13)

where APrypp 1s the transmembrane pressure; vy is the surface tension of the liquid; 0 the contact
angle between the fluid phase and the membrane ; & denotes the pore radius; and f(6) is the
equation of pore size distribution of membrane. Otherwise, the wetting ratio 3 can be estimated

as an adjustable parameter in mathematical model to fit experimental data.

The Dco, . can be estimated from empirical correlations based on kinetic gas theory (Bird et

al., 1960; Cussler, 2009):

1/2
rr7s( L, 1
Mco, MnG

2
105 P[(ZVco,) "’ +E Vne) 2]

Dcoz,g = (2 14)

where Mc, and Mg stand for the molecular weights of CO2 and NG; and the summations of
atomic diffusion volumes for the species of the CO>-NG gas mixture are taken as ), Voo, =

26.9 and Y, Vg = 24.42.
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The Do, 1 can be also estimated based on the analogy of N>O diffusivity in solution (Versteeg

and Van-Swaaij, 1988):

Dco,,H,0

Dco,1 = Dn,oy (2.15)

Dn,0,H,0

Shell-side mass transfer

Shell side mass transfer correlations for hollow fiber modules have been established in a
number of studies. One such correlation is in the form of Sh = fn (Re, Sc, ¢, dn, L), where Sh
is Sherwood number, Re, Sc, ¢, dhn, L are the Reynolds, Schmidt numbers, packing density,
hydraulic meter and module length, respectively. The Sherwood number for shell side is
defined by Eq. (2.16a) and Table 2.9 presents mass transfer correlations for parallel and cross

flow configurations in shell (Mansourizadeh and Ismail, 2009).

Shell side : Sh=—2 — fn(Re, Sc, d, dn L) (2.16a)

Dj shell

where k is mass transfer coefficient [m s™], D; shern 1s the diffusivity of component 7 in the

d?-nd3
Nd,

shell [m? s71], dx is the hydraulic diameter [m], d}, = (Li, 2015), where dsis the module

shell diameter, N the number of fiber strands, and d, the outer diameter of the fibers [m],

respectively.

Table 2.0-2: Shell-side mass transfer correlations for hollow fiber membrane modules
(Mansourizadeh and Ismail, 2009)

Flow Correlation Condition

Parallel Sh=1.25(Re dy /L’ )*%35c%33 0.5<Re<500; @ =0.03
Sh="5.85(1— ) (dy/L) Re®® 5c033 0<Re <500; 0.04 <¢<0.4
Sh=(0.53 — 0.58¢) Re®>? 5¢033 21 <Re<324; 0.32 <p<0.76
Sh=(0.3045¢? - 0.3421¢+0.0015) Re®? 5" 32<Re<1287;0.1 <p<0.7

Cross Sh=1.38Re034 50033 1<Re<25; =07
Sh=0.90Re"40 5033 1<Re<25; ¢ =0.07
Sh=0.61Re%363 50333 0.6<Re<49; ©=0.003

" dy, is hydraulic diameter (m) and L is module length (m).
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Tube-side mass transfer

The mass transfer coefficient, k on the tube side [m s71], is mainly determined by the geometry
of the MBC and the hydrodynamic conditions. The Sherwood number for tube side is defined
by Eq. (2.16b), and an overview of the fiber side mass transfer coefficient correlations are

presented in Table 2.10.

kd;

Tube side : Sh = = fn(Re, Sc,d; L) (2.16b)

i,tube

where d, the inner diameter of the fibers [m] and D; ype 1s the diffusivity of component 7 in

the tube [m? s71].

Table 2.0-3: Tube-side mass transfer correlations (Dindore, 2003).

Equation Comment

Sh — /.GZ(GZ)” 33 Gz = 20 Analogy of theoretical laminar heat
Sh =3.67 Gz = 10

transfer flux

Sh =1 -’\’5((;"‘)”"” Gz = 100 Analogy of empirical laminar heat
transfer flux

Sh — 7,64((;2)” 30 = Gz <= 2000 Empirical equation for gas-liquid
absorption in hollow fiber module.

Sh = [_5((;3)"'” Empirical equation for liquid-liquid
extraction in hollow fiber module.

Sh — [.4(G:)”'U 50 = Gz = 1000 Empirical equation for liquid-liquid
extraction in hollow fiber.

d 0.33 Empirical equation for liquid-liquid
Sh=0.2 RC( S"f) Gz < 65 extraction in hollow fiber module.
di
Where Graetz, Gz = TRe. Sc (2.17)

In general, the liquid phase shows significant mass-transfer resistance. Therefore a more
detailed investigation such as the 2D model of the CO; and solvent concentration profile in

liquid provides a better description and understanding of the system (Chabanon et al., 2013).
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2.2.2 Two-Dimensional Models

Two-dimensional (2D) models of various complexities have also been proposed by several
authors to describe CO» absorption in MBC (Al-Marzougqi et al., 2008; Faiz and Al-Marzouqi,
2010; Faiz et al., 2011;Eslami et al., 2011; Chabanon et al., 2013; Goyal et al.,2015). This
approach leads to a more complex set of equations as convection and diffusion contributions
in both phases as well as reaction contribution in the liquid phase are taken into account in the
axial and radial directions. In the 2D approach, a cylindrical representation as shown in Figure

2.10 is used to reflect hollow fiber geometry.

) Z=L
. Gas flow in tube
Flow in shell
r=0
—_—
3 r=r
Approximated circle £ 1
Q
=
Hollow fibre 2 \ r=rw
5 Model domain
=] =T
g
o Shell side S r=r;
i
Flow in tube L S Ea
'~ Lig. Flowin shell
i . Z=0
Symmetry axis membrane

Figure 2.10: Modeling framework for a counter-current, follow fiber MBC module. Left:
cylindrical approximation around each fiber. Centre: single piece of hollow fiber. Right:
spatial domains in MBC model.

2.2.2.1 Mass-Balance Equations

The model considers the CO> concentration gradient in both phases, solvent concentration
gradient in the liquid phase, the chemical reaction between CO; and solvent in the liquid phase,

and the gas velocity changes due to CO; absorption for concentrated system.

A common assumption is that the cross-section flows of gas and liquid flowrates are
homogeneous at the lumen and shell sides. As such, the concentration profiles in the tubes are
all identical, and the model can be developed for a single hollow-fiber. The average fluid

velocities in the tube and shell are obtained by dividing the flowrates with the corresponding

41



cross-section area (Lu et al., 2005; M. Al-Marzougqi et al., 2008; M. H. Al-Marzougqi et al.,
2008; Faiz and Al-Marzougqi, 2010; Wang et al., 2013).

For a reactive absorption system, the continuity equation for each species during the

simultaneous mass transfer and chemical reaction in terms of molar units can be expressed as:

ac;
5. = ~V-Ni + R (2.18)
where C;, N;, R;, are the concentration, flux and reaction rate of species i, respectively. It should

be noted that the molar flux N; is resultant of two vector quantities:

where the first term J;, is molar flux based on Fick’s law resulting from the concentration
gradient due to diffusion; and the second term, C;V is the molar flux resulting from the bulk
motion of the fluid convection. Fick’s Law of Diffusion can be used for the determination of

the flux J;, giving:

where D; and V are the diffusion coefficient and velocity vector. Combining Egs. (2.18) and
(2.19), leads to the following general equation for mass transfer of species i:

ac; _ 2

P D;V<C; —V.C;V + R; (2.21)

As the hollow fiber membrane contactor system is cylindrical, Eq (2.21) can be written in

cylindrical coordinates system as:

ac; =D, (620i 19¢; iazci azci) _ v 0Ci  vgdC;  v;0C; + Ri (2.22)
ot arz2  r ar  r2 062 0z2 or r 96 0z
L. ac; aZCi ac;
As it is assumed to be at steady state and not have angular flow, the terms 50 902" 20" and vy

are all zero, and Eq (2.22) simplifies to :
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v0C; | v,0C; (azci 10C; azci)
or oz P\ Tror T oz + R (2.23)

It should be noted that the velocity terms v, and v, represent the bulk and convection flow in
the radial and axial direction, respectively. A common assumption for dilute systems, such as
gas mixtures containing less than 10% COa, is that the bulk flow contribution v, is negligible.
Therefore, the velocity profile in the membrane module solely consists of the convection
velocity in the axial direction (Faiz et al., 2011). The resulting general equation for mass
transfer for species i in hollow fiber MBC can be used to describe the gas, membrane and liquid

sections:

20 = p, (%+%%+%)+Ri (2.24)
When partially- or fully-wetted operation is considered, the degree of membrane wetting (or a
related parameter rw, see Figure 2.9) is typically used as a tuning parameter in order for the
model predictions to fit given experimental data (Al-Marzougqi et al., 2008; Faiz and Al-
Marzougqi, 2010). In recent years, the studies by Boributh et al. (2011) and Goyal et al. (2015)
in particular, have exploited knowledge about a membrane’s pore-size distribution to predict

the degree of wetting in MBC operating at atmospheric pressure.

The mass conservation equations for CO2 and solvent with chemical reaction in the liquid phase

are given by:

v210Cco,1 (azccoz,l 19Cco,, 52Cc02,l)
0z - DCOZ,I or? r or T 0z2 + RCOZ (2.25)
vz,lacsol,l _ (azcsol,l 10Cso1 azcsol,l)
oz Dsol\ o tr o T o) T Rsal (2.26)

where Cco,1s the CO; concentration in the liquid phase [mol m>]; Rco,, the reaction rate of
CO: with solvent [mol m™ s™]; Dy, is the solvent diffusion coefficient in the liquid phase
[m? s7!]; and vy, the interstitial liquid velocity [m s']. In a laminar flow, the fully developed

velocity profile in the fibers, v, t,pe can be described as:
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2
Vztube = 217tube [1 - (L) ] (227)

1

where Uy,pe and 71 are the average velocity in the lumen and inner radius of the fiber,

respectively. A set of boundary conditions are detailed on Figure 2.11.

f . z=1
Cco,1 = Cco,1-int =0
E r=rn :
i Liquid
accoz 0 : Phase
or . Gas
r=0 Phase
g g
. z=0
I - 3
r

Figure 2.11: Boundary conditions for liquid in tube section (Chabanon et al., 2013).

At the membrane-gas interface r = 7y, the flux of CO; from the gas phase is equal to the flux

of CO; into the liquid phase at steady-state. This leads to the following boundary condition:

0Cco,,
Dco,1—;

= kext(CCOZ,g - CCOZ,g,int) (2.28)

r=rp

where ke the external mass transfer coefficient [m s™'] is defined by 1/kgy = 1/ kgt1/ky, The
mass transfer coefficients can be estimated as described in Section 2.2.1.1. In practise, the

membrane mass transfer coefficient k,, is often considered as the adjustable parameter.
When equilibrium is attained at the gas-liquid interface, Henry’s law gives:
Cco,,1int = MCco, g int (2.29)

where Cco, 1int 18 the CO2 concentration at the liquid-membrane interface [mol m>] and m is

the dimensionless distribution coefficient.
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2.3 Conclusions

The potential advantages of gas absorption MBC over conventional acid gas removal
technologies have been widely recognized. Various experimental and modeling studies have
reported on the performance of CO, removal using MBC, with a view to better understanding
the limitations and promoting the industrial application of MBC technology. Many such studies
were conducted using hollow-fiber modules with different membrane types (hydrophobic
porous polymers such as PP, PVDF, PTFE) and operating conditions (gas and liquid velocities)
with sodium hydroxide or low concentrated carbonates or alkanolamines as the solvent at
atmospheric pressure. As far as high-pressure MBC operation is concerned, e.g. for NG

sweetening applications, limited studies have been published to date.

Several studies have reported the negative effects of membrane wetting on the MBC
performance. Therefore, a suitable membrane-solvent combination that considers the chemical
and thermal stability as well as solvent surface tension, contact angle and pore size is
paramount. Several studies reported that PTFE exhibits high hydrophobicity, chemical, and
thermal stability as evidenced by high CO> removal performance in MBC after a prolonged
period of operation with alkanolamines. It should be noted that most studies were at the
laboratory scale, and very few studies have conducted MBC scale up for industrial applications
such as NG sweetening. In view of the technical-commercial requirement to achieve low CO»
outlet specification and prolonged operation stability, PTFE membrane in combination with
alkanolamines as CO» absorption liquid seems to be a good choice for membrane-solvent
combinations. However, it should be noted that the cost of PTFE membranes in comparison

with other membrane materials was not factored into the analysis.

Many lab scale studies were conducted on counter-current longitudinal/parallel MBC due to
the simplicity in manufacturing, well-known fluid dynamics in shell and tube side and relative
ease of mass transfer estimation. However, other studies have shown that cross-flow modules
offer higher mass transfer coefficients, minimal shell side channeling, and lower shell side
pressure drop. The mass transfer was also found to double in coiled hollow fiber module
compared with longitudinal membrane contactor although limited research has been conducted

for this type of module so far.
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Throughout this thesis, the longitudinal MBC module with PTFE hollow fiber-alkanolamines
solvent operating in the counter-current fluid flow configuration is selected for use in the lab-

scale and pilot-scale MBC test rigs.

Mathematical models of MBC of increasing complexity are being applied to understand the
CO» removal mechanism better and to predict the behavior of the system more accurately.
Several numbers of modelling studies of MBC for CO; capture have reported a good agreement
of the model predictions against experimental data, ranging from a simple constant overall
mass transfer coefficient K1, to sophisticated 2D modelling consisting of convection, diffusion

and reaction phenomena.

The assumptions of steady state and isothermal operation are common in these models apart
from a few studies that account for the temperature increase due to heat of absorption.
Moreover, most studies conducted lab-scale experiments using binary mixtures such as CO2/N2
or CO2/CHg; experiments with multi-component gas mixtures, (such as natural gas) have not
reported to verify the CO; absorption performance. None of the work has included water as a

transferable component between the gas and the liquid phase.

Finally, no commercial CO>-removal process from natural gas using MBC technology is
presently in operation. It is expected that the development of a predictive MBC model will
enable systematic optimization and scale-up for industrial applications such as high-pressure
natural gas sweetening. The development, experimental verificaition and analysis of such a

model are the focus of the following three contribution chapters.
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Chapter 3 Predictive Mathematical Modeling of High-
Pressure Membrane Contactors®

3.1 Introduction

Notwithstanding their high potential, as highlighted in Chapter 2, MBC can present a rather
low mass-transfer rate under undisturbed, laminar flow in the liquid phase. The hydrophobic
membranes in MBC can become wetted by organic solvents, either partially or fully. The non-
wetted mode of MBC operation (Figure 3.1a) is preferred since it presents a higher CO»
absorption rate. Operating with partially- or fully-wetted membranes (Figure 3.1b,c) can
decrease the mass-transfer flux quite drastically, due to a lower gas diffusivity in the wetted

membrane phase.

Liquid G227 RN quid
= —_j+— Gas-liquid [ T
7 inerface. TEREEY |-

i
P = =

- Gas-liguid
7 interface

(c) Fully-wetted operation

Figure 3.1: Different degrees of membrane wetting in MBC operation. Adapted from: Lu et
al. (2008).

For instance, Wang et al. (2005) reported that a change in the degree of wetting as small as 5%
could lead to a 20% reduction in mass transfer rate. In principle, membrane wetting could be

prevented by keeping the operating pressure below a critical value, the so-called breakthrough

*This chapter is based upon material published in Chemical Engineering Research and Design. Institution of
Chemical Engineers, 132, pp. 1005-1019. doi: 10.1016/j.cherd.2018.01.033.
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pressure; but partial-wetting may still occur in practice due to non-uniform membrane pore

sizes, with bigger pores being more easily wetted.

Many factors are known to affect the degree of wetting, including the membrane properties
and various operating parameters, such as the inlet liquid pressure, liquid velocity, liquid
temperature, and amine concentrations (Lu et al., 2008; Mosadegh-Sedghi et al., 2012;
Rongwong et al., 2015). Moreover, the variation in liquid pressure along the length of the HFM
can affect membrane wetting considerably, e.g. due to pressure drops or the static head in a

vertical MBC.

Mathematical models provide an effective tool to help understand the CO> removal
mechanisms in MBC, and thus enable a better assessment and optimization of their
performance. Many modeling and simulation studies in the literature assume a non-wetted
mode of operation, e.g. for MBC operating at or near atmospheric pressure (Hoff et al., 2004;
Al-Marzouqi et al., 2008; Rezakazemi et al., 2011; Hoff & Svendsen, 2014). When partially-
or fully-wetted operation is considered, the degree of membrane wetting (or a related
parameter) is typically used as a tuning parameter in order for the model predictions to fit given
experimental data. For instance, Chabanon et al. [2013] compared several modeling approaches
for predicting CO2 absorption in MBC, ranging from constant mass-transfer coefficient models
to 1-d or 2-d convection-diffusion models, and with the membrane mass-transfer coefficient
used as the single tuning parameter. They found that the use of convection-diffusion models is
justified to obtain accurate predictions, in particular when large amine solvent conversions take
place. Other studies showing a good agreement between experimental data and the predictions
of'a 2-d convection-diffusion model by adjusting the degree of membrane wetting can be found
in Lu et al. (2008) and Cui et al. (2015). As far as high-pressure MBC operation is concerned,
e.g. for NG sweetening applications, limited modeling studies have been published to date. For
instance, Faiz & Al-Marzouqi (2010) studied the removal of CO; from NG in high-pressure
MBC between 10-50 bar. They reported a good agreement between a 2-d model and

experiments when adjusting the degree of wetting, which also they found to be highly sensitive.

Because of this high sensitivity of the membrane wetting to different operating conditions,
analyzing or optimizing the performance of an MBC under the assumption of a constant
membrane wetting could lead to erroneous (over-optimistic) results. In response to this,

approaches to predicting the degree of membrane wetting in MBC have started to appear in
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recent years. The studies by Boributh et al. (2011) and Goyal et al. (2015) in particular, exploit
knowledge about a membrane’s pore-size distribution to predict the degree of wetting in MBC

operating at atmospheric pressure.

The main contribution of this chapter is the development of a predictive mathematical model
of high-pressure MBC for NG sweetening applications, on the basis of which model-based
parametric studies and optimization can be conducted. Building upon previous modeling
studies, a combination of 1-d and 2-d mass-balance equations is considered to predict the CO»
absorption flux, whereby the degree of membrane wetting itself is calculated using the Laplace-
Young equation based upon knowledge of the membrane pore-size distribution, real gas
behavior is also accounted for at high-pressure operation. The predictive capability of this
model is tested against data from two experimental settings: a lab-scale MBC module, where
the purification was conducted using binary gas mixtures of CH4/CO2 and N2/CO; at 11 bar;
and a pilot-scale MBC module operated under industrially relevant conditions at a natural gas
processing plant in Malaysia. All of the experiments were conducted with aqueous mixtures of
MDEA and piperazine (PZ) as the chemical solvent, under lean solvent condition, and with
vertically oriented MBC modules. The ability to predict the variation in membrane wetting
along the fiber length makes it possible to analyze the effects of various design and operational
decisions on the MBC performance, including the membrane properties, module

characteristics, gas and liquid flow rates, and operating pressures and temperatures.

The rest of the chapter is organized as follows. The mathematical model of a counter-current
hollow-fiber MBC module is presented in Sec. 3.2, followed by a description of both
experimental set-ups, corresponding model parameters, and computational methods in
Sec. 3.3. Results of the experimental model verification are presented and discussed in Sec. 3.4.
Then, a model-based analysis is conducted in Sec. 3.5, with a view to quantifying the effects
of module orientation and high-pressure operation on a module’s CO> removal efficiency.

Finally, Sec. 3.6 concludes the chapter.
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3.2 Modeling of High-Pressure Hollow-Fiber MBC

This section describes a comprehensive mathematical model for predicting the CO> removal
efficiency in a high-pressure, hollow-fiber MBC module, as depicted on the left panel in Figure
3.2. The NG gas mixture containing CO» flows through the membrane fibers, while the amine
solvent flows inside the shell, in a counter-current arrangement. The gas mixture diffuses from
the tube side through the fiber walls into the shell, where CO> dissolves in the solvent before

reacting with the solvent in order to enhance the removal rate.

The shell area between the fibers depends on the packing density, @ defined as
2
b=Ny, 3.1

where N is the number of fibers in the MBC module; R, [m] is the inner radius of the module;
and 7, [m]is the outer radius of the fibers. Following Happel (1959), the domain of fluid
surrounding each fiber can be conveniently approximated by a cylinder with cross-section

radius, 3 [m] given by

3 =1, 1/¢. (3.2)

It is thus sufficient to consider a piece of hollow fiber in order to model the MBC module, as

shown on the center panel in Figure 3.2.

In order to describe the degree of membrane wetting, a so-called wetted radius is introduced,
1, [m], a conceptual variable representing the average fraction of membrane pores filled with
liquid; see Sec. 3.2.1 below for details. The non-wetted and fully-wetted modes of operation
thus correspond to 1, = 1, and 1, = 1y, respectively, with 7y the inner radius of the fibers. On
exploiting symmetry, the spatial domain to model a piece of hollow fiber can be taken as
(r,z) € [0,715] X [0, L], which is further partitioned into four subdomains as shown on the right
panel in Figure 3.2: (i) tube, 0 < r < ry ; (i1) membrane-dry, r; < r < 1,(2); (iil) membrane-
wet, 1, (z) <1 < 1y; and (iv) shell, , < r < r3. Notice that the geometry of the wetted and

non-wetted membrane subdomains is complicated by the dependence of the wetted radius on
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the axial position, z. In this counter-current configuration, the solvent and the gas are feda z =

0 and z = L, respectively. Mass conservation equations and a corresponding set of boundary

conditions are detailed in Sec. 3.2.2.

FIOW in shell Gas flow in tube =L
----- . r=0
~. l'4
© h =
Approximated circle £ r=r
- o 2
o & I r=fw
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I 11 N
( ] 1 Model domain _
% ei = =2
—————
% ; g
ﬂ 5 Shell side i, @ r=rs
LY ] 7
Flow in tube s = - Tube Shell
- Lig. Flow in shell
i ) Z=0 —
Symmetry axis membrane

Figure 3.2: Modeling framework for a counter-current, hollow fiber MBC module. Left:
cylindrical approximation around each fiber. Centre: single piece of hollow fiber. Right:
spatial domains in MBC model.

3.2.1 Modeling of Membrane Wetting

In partially-wetted operations, a hydrophobic membrane with a non-uniform pore size
distribution exhibits a range of breakthrough pressures, with larger pores filled first, followed
by smaller ones. According to the Laplace-Young equation, a pore is wetted when the

transmembrane pressure difference APrypp [Pa], is greater than the breakthrough pressure, AP,

[Pa] given by

AR(8) = 222 (3.3)

where § [m] denotes the pore radius; ¥ [N m™'], the surface tension of the liquid phase; and 8

[rad], the contact angle of the liquid on the membrane.

The transmembrane pressure, namely the difference between the pressures in the liquid and

gas phases, P, and P, [Pa], is such that
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peut — % (L—2z)—PB" horizontal

Plout _ %(L _ Z) + plg(L _ Z) — Pgin vertical

APryipp(2) = Pi(2) — Pg(Z) = (3.4

where Pgin [Pa] is the inlet gas pressure; P [Pa], the outlet liquid pressure; % [Pa m™1], the
pressure gradient along the shell axis; p; [kg m™3], the liquid density; and g = 9.81 ms™2 is
the gravitational acceleration. Notice the additional contribution of the liquid static head in a
vertical orientation compared with a horizontal MBC. Moreover, the pressure of the gas phase
is considered constant in Eq. (3.4), i.e. the effects of the pressure drop and static head are

neglected.

One way of expressing the pressure drop in the shell is by using an analogy with viscous flow
through assemblages of cylinders. Under the assumption of a constant pressure drop in the flow
direction and a no-slip condition on the cylinders, Happel (1959) showed that the pressure drop

may be computed as

AP _
— = —-8uv
" 121!

ri-13

2,2 4 o404 1072
AT5 Ty —Ty =313 —4T3 ln(E)

: (3.5)

where y; [kg m™! s71] is the dynamic viscosity of the liquid phases; and the average liquid

velocity, 7; [m s™1] is given by

_ Flin
V=—7—=
1 mRA(1-0) ’

(3.6)

with Fi" [m? s7!] the liquid volumetric flowrate at the shell inlet z = 0.

In order to prevent membrane wetting and bubble formation, an MBC should ideally be

operated such that

AP.(6) = APpypp(2) = 0, (3.7)

for all pore radii and all axial positions. If partial wetting occurs at a given position 0 < z < L,

the wet pores are those having a radius larger than §,, [m], given by
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8, (z) = 218 (3.8)

APrvpp (2)

In practice, the degree of wetting is often described in terms of the wetting ratio, 3, which
represents the ratio between the porous-volume occupied by liquid phase and the total porous-
volume. Under the assumption that the wetted pores are completely filled with liquid - see

Goyal et al. (2015) for a discussion - the wetting ratio may be computed as

faamax 62 f(s) d5

w(z)

39
foamax 52 f(5) das ’ ( )

3(z) =

for a given pore size distribution (PSD) function f, and a maximal pore radius, &, [m]. Then,
the conceptual wetted radius 7, representing the average fraction of a pore filled with liquid at
a certain position z -see right panel in Figure 3.2- is related to the wetting ratio 3 in the

following way

1w(z) =1, — [, — 1] 3(2) . (3.10)

3.2.2 Mass Conservation Equations

The mathematical model presented hereafter is based on steady-state and isothermal operation
in all of the phases — see Sec. 3.4 for further discussions about the effect of temperature. The
mass conservation equations in the gas, liquid and membrane phases are detailed in the
following paragraphs, together with the corresponding boundary conditions and the main

modeling assumptions.

Gas Phase in Tube, (1,z) € [0,11] X [0, L]

The gas phase in the lumen is described using a simple plug flow, assuming homogeneous
concentrations in each cross-section and neglecting the gas diffusivity (Péclet >10°) and
pressure drops along the fiber axis. These assumptions have been validated through previous
studies in MBC modeling (Rezakazemi et al, 2011; Goyal et al., 2015). Moreover, due to
operation at elevated pressures, real gas behaviour is accounted using a compressibility factor

correction, calculated with the Peng-Robinson (PR) equation of state.
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Mass conservation in the tube expresses the fact that the reduction in flux along the fiber axis
is equal to the flux passing through the membrane. The differential equations describing the
average velocity of the gas phase, 7, [m s7!] and the average CO: concentration, @
[mol m™3] are

d%(2) _ 2 Dcoymd ZRTJ 0Cco,(r,2)

- A1

0z T Py or r=ri ’ G.11)

dCco,() _ 2Dco,md [,  ZRTgCco,(2)] 9Cco,(r.2) (3.12)
0z - Tg(2)11 Pén or r=ri i )

where 17" indicates the gas-membrane interface at the pore side; Tén [K] is the temperature of

the gas; Z [—], the compressibility factor; R = 8.3145] mol! K'l, the ideal gas constant; and
Dco, md [m? s] denotes the effective CO» diffusion coefficient in the dry part of the membrane,

such that
Dco,ma = zDcoyg » (3.13)

with Do, o [m? s], the diffusion coefficient of CO; in the gas phase; and &, T, the porosity and

tortuosity of the membrane, respectively. Initial conditions at the inlet z = L of the fiber are

given by
_ i Min
(L) = 7" = Nnring ’ (3-19)
— e
Cco,(L) = Ceo, = ZRT, 7 (3.15)

where Mén [kg s7'] is the inlet mass flowrate of gas; yicnoz,g [—], the inlet molar fraction of CO»;

and p, [kg m™], the density of the gas phase.
Liquid Phase in Shell, (r,z) € [ry,13] X [0, L]

The liquid flow in the shell is laminar (Reynolds <10), and the velocity profile is assumed to
be fully developed, following Happel’s free surface model (Happel, 1959). Moreover, axial
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diffusivity in the liquid phase (Péclet >107) is neglected, and the liquid phase is incompressible

and that the reaction between CO; and the solvent does not incur any change in volume.

The general transport equation for a species i € {CO,, sol} at steady state in the 2-d cylindrical
coordinate system (7, z), taking into account convection, radial diffusion and reaction, reads

(Cussler, 2009):

ac; (r z) 9%¢i(r,z) = 10Ci(r.2)

_Di'l[ ar? r or

v, (r) 242 A SO 4 Ri(Ci(r,2)) (3.16)
where D;; [m? s] and R; [mol m™ s7'] denote the diffusion coefficient and the reaction rate of

the species i in the liquid phase, respectively; and v; [m s'] is the local fluid velocity, which
by analogy with viscous flow in an assemblage of cylinders—compare Eq. (3.5)—may be

computed as (Happel, 1959)

2—r2+2r2 ln(%z)

w(r) =-oo [r — 73 +2riIn (r:)] % = 2005 —17) ar2r2—ri-3ri-ar} ln(:—;) (3.17)
The distribution of the CO; and solvent at the shell inlet are supposed to be uniform,

Ceo, (r,0) = f&b,.1Ciny » (3.18)

Coot(1,0) = Cgq (3.19)

with CI% [mol m_g] the solvent concentration in the liquid feed; and fco 1 [mol mol_l], the

so]

CO: loading in solvent. At the shell outlet, a no-dispersion condition is imposed as

aCi(r,z)
0z lz=p

=0, i€ {COy sol}. (3.20)

The condition of axisymmetric flow condition at r = r3 gives

WAl =0, i€ {CO,sol}, (3.21)

or r=r3
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and continuity of the concentrations and fluxes at the membrane surface, r = r, imposes

Ci(T'2+,Z) = Ci(rz_,Z) ) [ € {COZﬂSOI} > (322)
aci(r,z) _ aCi(r,z) .
D=5 e = Dimv =g+ i €{COy 500}, (3.23)

where the radial positions 75,7 and r; correspond to either sides of the liquid-membrane
interface; and D, ,,, [m? s] denotes the effective diffusion coefficient of a species i in the

wetted part of the membrane, such that

Dy . (3.24)

Di,mw = T

Membrane Phase, (1,z) € [rq,173] X [0, L]

The membrane properties are considered to be uniform along the fiber axis, including pore size
distribution, tortuosity, porosity, thickness, and hydrophobicity. The mass transfer inside the
membrane is assumed to be driven by radial diffusion only, considering the gas and liquid
phases to be stagnant therein, and that Henry's law is applicable at the gas—liquid interface. The
dissolution of gas species other than CO; into the liquid phase is neglected while the amine

solvent is considered to be non-volatile.

The partial differential equations describing the transport of CO:; and solvent inside the

membrane are given by

0%Cco,(1,2)  10Cco,(r)2)
Dco,md P -

=0 ifrf <r<n(2), (3.25)

r ar

2, .
D [ o2 + 22 4 Ry(Ci(r,2)) =0, i € {CO 501} if 1f(2) ST <75 (3.26)

The equilibrium condition at the gas-liquid interface, r = r,,(z) inside the membrane is

expressed as

Hco,,

Ceo,(rw (2),2) = ZRT, Cco,(r (2),2) , (3:27)
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where 7,y and 7, indicate either sides of the gas-liquid interface inside the membrane; Hco,,

[m3 Pa mol'l] stands for Henry’s constant for CO in amine solution. At this interface, the flux

of solvent is equal to zero, while the flux of CO, is continuous,

9Cco,(r.2) 9Cco, (1)

DCOz,md ar rere(2) = Vco,,mw ar rerd(2) ) (328)
0Cs01(7,2)
A =0. 3.29
o lr=rf(2 (3.29)
At the membrane-gas interface, r = 7y, the CO; concentration is continuous,
Ceo,(r1,2) = Cco,(2) (3.30)

and the CO» flux continuity was already expressed in Eq. (3.12). The concentration and flux

continuity conditions at the membrane-liquid interface, r = r, were already expressed in

Egs. (3.22) - (3.23) above.
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3.3 Material and Methods

3.3.1 Experimental Setups

The lab-scale module experiments were conducted with two binary feed gas mixtures of
CH4/CO; and N2/CO3 at 11 bar. The pilot module was up-scaled by a factor of about 800 (i.c.,
membrane area), and operated under industrially relevant conditions at 54 bar in a natural gas
processing plant in Malaysia. Both modules are shown in Figure 3.3. In both cases, aqueous
mixtures of methyldiethanolamine (MDEA) and piperazine (PZ) were used as the chemical
solvent. The corresponding operating conditions are summarized in Table 3.1. The
experimental set-ups for lab- and pilot-scale testing are depicted in Figure 3.4 and 3.5, with

further details given thereafter.

Table 3.1: Operating conditions in the lab and pilot-scale modules.

N2/CO3 CH4/CO2 NG

Parameters

(Lab) (Lab) (Pilot)
COy inlet, ¥, , [mol%] 8 8.55 5.1-5.3
MDEA/PZ inlet, [wt%)] 39/5 39/5 39/5
Inlet gas pressure, P," [kPa] 1100 1100 5400
Outlet liquid pressure, P°" [kPa] 1130 1130 5430
Gas mass flowrate, M kg ™' 0.04-02  0.05-0.1  57-75
Liquid volumetric flowrate, F;" [L h'l] 0.6-1.8 1.2 190-280
Gas temperature, Té“ [K] 293 293 298-313
Liquid temperature, T, [K] 293 308 308-313
CO; loading in solvent, £, | [mol mol™"] 0 0.07 0.01
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Figure 3.3: Vertical MBC operation. Left: lab scale MBC; Right: pilot scale MBC.

Lab-Scale MBC Module

Pressurized gas cylinders were used to supply mixtures of CH4/CO> or N»/CO; to the tube side
of the lab-scale module, while the lean amine solvent was pumped through the shell side, in a
counter-current and vertical configuration. The feed gas and solvent flow rates were controlled
using a mass flow controller (MFC) and pump stroke, respectively, whereby the flowrates are
recorded every 30 seconds. The compositions of the feed gas and treated gas were analyzed
and recorded using gas chromatography (GC7900, Shanghai Tech- comp Instruments Co., Ltd)
every 6 minutes, after the system had reached steady state as indicated by a constant CO>
composition in the outlet gas stream of the module. The treated gas from the MBC module was
then depressurized and vented to a safe location. A transmembrane pressure of APrypp =
30 kPa was maintained at any point along the fibers to prevent gas bubbling (Kang et al., 2017).
The fluid flowrates and gas compositions values were averaged hourly to minimize noise

before comparing with model predictions.

Feed Gas é ; ;

—
Pressurize d =
CH,/CO, =<1 Rich
;{ 2 f;“ Back Amine
N,ICO, Cylinders MBC pressure Tank
valvi
Module
Lean
Amine —
Tank

—_— .
Amine
Q Pump

—  GasStream Back

—>»  Rich Solvent Stream P

Lean Solvent Stream

Figure 3.4: Schematic of the lab-scale setup for CO> removal using high pressure MBC.
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Pilot-Scale MBC Module

The CO»-rich natural gas was fed to the tube side of the MBC, while the lean amine was
pressurized to ca. 54 bar and fed to the shell side, in a counter-current and vertical
configuration. The feed gas and liquid flow rates were controlled using a mass flow controller
and a pump stroke, respectively, whereby the flowrates are recorded every 30 seconds. The
flowrate of the treated gas at the MBC outlet was measured with a mass flowmeter before
sending it to the flare header. The enriched amine solvent collected from the MBC shell outlet
was directed to a flash drum, whereby the degassing rate of the dissolved light hydrocarbons
was measured by the flowmeter before sending it to the flare header. The gas compositions in
the MBC feed and outlet as well as the flash outlet were analyzed and recorded using gas
chromatography (PGC1000 Gas Chromatograph, ABB) every 6 minutes, after the system had
reached steady state. The flash liquid outlet stream was heated by cross exchange with hot lean
solvent, and then fed to the solvent regenerator where it was stripped of acid gas by rising
stream vapors generated by the reboiler. The acid gas leaving the top of the regenerator was
cooled and sent to a reflux drum to separate the condensed water from the acid gas. The
condensed water was then returned to the top of the regenerator, while the acid gas was sent to
the flare header. The lean solvent from the regenerator was then cooled by the lean-rich
exchanger, lean solution cooler and amine chiller before recycling to the MBC absorber.
Because the solvent regenerator was designed up to 10-times larger capacity than the MBC
module. The excess lean solvent from the LP amine pump was recycled back to the solvent
regenerator. The lean solvent was sampled to analyze/monitor the amine concentration in the
solvent. Demineralized water or amine solvent is fed into amine tank periodically to make up
for losses of solvent due to evaporation in MBC and regeneration column. The fluid flowrates

and gas compositions values were averaged hourly and compared with model predictions.

ABSORPTION SECTION REGENERATION SECTION

Feed g
Gas

Solvent
make up

Amine
Tank

—» Gas Stream
—p Rich Solvent Stream

Lean Solvent Stream

____________________________________________________________________

Figure 3.5: Schematic of the pilot-plant setup for CO; removal using high pressure MBC.
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3.3.2 Membrane and Module Characteristics

The high pressure MBC modules were packed with hydrophobic, Polytetrafluoroethylene

(PTFE) hollow fiber. Table 3.2 reports the main characteristics of these membranes, alongside

design properties of the MBC modules used for lab- and pilot-scale testing.

Table 3.2: Specifications of the hollow-fiber membranes and the lab- and pilot-scale

modules.

Parameters mﬁggle mI())icll(l)ltle Source
Fiber length, L [m] 0.3 2 (PRSB, 2014)
Fiber inner radius, r; [um] 431 431 (PRSB, 2014)
Fiber outer radius, r, [um] 846 846 (PRSB, 2014)
Membrane porosity, € [—] 0.41 0.41 (PRSB, 2014)
Membrane tortuosity, T [—] 6.1 6.1 Eq. (3.31)
Max. pore radius, 6, [um] 0.44 0.44 (PRSB, 2014)
Mean pore radius, § [um] 0.08 0.08 Eq. (3.32)
Relative pore standard deviation, o [—] 0.26 0.26 Eq. (3.32)
Contact angle, 6 [°] 92.5-953 92.5 (PRSB, 2014)
Packing density, @ [—] 0.26 0.55 (PRSB, 2014)
Module inner radius, R, [m] 0.015 0.115 (PRSB, 2014)
Membrane module area, A,, [m?] 0.128 106.5 (PRSB, 2014)
No of fibers, N [—] 80 10,007 (PRSB, 2014)
Specific surface area [m™1] 600 1300 (PRSB, 2014)

Following Iversen et al. (1997), a first approximation of the membrane tortuosity in Table 3.2

was obtained as

=&

(3.31)
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In order to determine the wetting ratio in Eq. (9) needed for simulating the MBC model, pore-
size distribution (PSD) data from the manufacturer (PRSB, 2014) were used to fit the following
log-normal distribution (Zydney et al., 1994; Lu et al., 2008),

(3.32)

(ln6/3)2(1+ az)>

1
f(8) = 27 In(1+ 02)8 €Xp <_ 21In(1+ o2)

where § and o stand for the mean pore radius and relative pore standard deviation, respectively.
The resulting least-squares fit on the left plot in Figure 3.6 shows an excellent agreement with
the data, and the estimated values for § and ¢ can be found in Table 3.2. In turn, a surrogate
relationship for the wetting ratio 3 as a function of the critical pore radius §,, in the range

[0, 81ax | could be obtained in the form

1+tanh<ao +a18W/3+a2 (8‘”/3)2 +az (6“’/5)3)

2 2

3(6) = (3.33)

with ay = 7.966, a; = —14.08, a, = 8.418, and a; = —2.041. A comparison between the
solution of Eq. (3.9) and the surrogate in Eq. (3.33) is shown on the right plot in Figure 3.6.

T T T T T
1 i A 0.9 wetting ratio Eq. (3.9) 2
. surrogate Eq. (3.33) ——
g 08 9
L L
s %8 0.7 1
B T
g 0.6 :—‘ ol |
© 9 I =
o £ o5} 1
8 g
2 T 04r 1
= o
£ 04f H
= L 4
E 0.3
3
o2 L i 02 1
manufacturer data —a&— 04
log-normal distrib. fit —8— .
0 1 1 1 1 1 1 0 1 1 | | 1 Iy
0 005 01 015 02 025 03 035 04 0 0.02 0.04 0.06 008 01 012 0.14
pore radius, & [um] critical pore radius, 8,, [um]

Figure 3.6: Left: Comparison of cumulative pore area ratio distribution based on the log-
normal pore size distribution in Eq. (3.32) using the parameters in Table 3.2, against the
manufacturer (PRSB, 2014) data. Right: Comparison of the wetting ratio expression in
Eq. (3.9) with the surrogate expression in Eq. (3.33) in terms of the critical pore radius, J,,.
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3.3.3 Thermo-Physical, Transport, and Reaction Kinetic Data
A key parameter in the model is Henry’s constant in amine solvent. In this chapter, the

estimation of the Henry’s constant in lean amine solvent at various temperatures is based on

N2O analogy (Versteeg and Van-Swaaij, 1988; Wang et al., 2013),

Hco, 1,0

Hco,, = Hx,01 (3.34)

9
HN,0,H,0

Henry’s constants for N>O and CO; in water, respectively Hco, 1,0 and Hy,o u,0 are taken as
(Versteeg and Van-Swaaij, 1988)

Heo, 1,0 = 2.82 % 10° exp (— 2;3“) , (3.35)
Hy,011,0 = 8.55 X 10° exp (— Zjlff) , (3.36)

Henry’s constant for N2O in lean amine solution, Hy, o is described by a semi-empirical model

correlating the excess Henry’s coefficient as (Bensetiti et al., 1999)

In Hx,0,1 = &mpEa In Hy,oMpEa + $pz I Hxyo0p72 + $ryo In Hyom,0 +

brpeadr,0 [_2-899 + 142%]

1

(3.37)

with ¢; the volume fraction of species i; and the solubility of N2O in pure amine solvent i €
{MDEA,PZ} taken as (Wang et al., 1992)

1312.7
HNZO,MDEA = HNzO,PZ =1.52 x 105 exp (— T ) (338)

in
1

Other temperature-dependent expressions for (i) the macroscopic reaction rates of CO2 with
MDEA and PZ; and (ii) the diffusivity coefficients of the various species in gas or liquid
mixtures are reported in Appendix A for completeness. Values for the other thermo-physical
and transport parameters were obtained by interfacing gPROMS with the property packages
‘Advanced Peng Robinson’ and ‘UNIQUAC-RK’.
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3.3.4 Numerical Simulation

The mixed set of algebraic, ordinary differential and partial differential equations was
implemented in the gPROMS modeling language (Oh and Pantelides, 1996), using
ModelBuilder v5.0. A second-order centered finite difference scheme was used to discretize
the differential equations, after a rescaling of the radial dimension in the partial differential
equations in order for the membrane dry and wet spatial subdomains to be rectangular as
outlined in Appendix B (Table B.1). A uniform mesh grid consisting of 70 elements was chosen
to perform the simulations herein, which provides solutions within <1% of finer discretizations,
while retaining computational tractability. With this discretization, a steady-state simulation
takes up to few minutes to complete on a desktop computer running Windows 7 with Intel®

CoreTM 17-4790 CPU at 3.60GHz and 32GB of RAM.

3.4 Experimental Model Verification

3.4.1 Lab-Scale MBC Module

A comparison between measured and predicted CO; removals in the lab-scale MBC is

presented in Figure 3.7, in terms of the CO, absorption flux, ® [mol m™ s™'] computed as

nriN

® = == [7,(L) Ceo, (L) — 7(0) Ceo, (0)] (3.39)

The experimental data are for several flow rates of the two gas mixtures N2/CO2 and CH4/CO>
(see Table 3.1), and also correspond to different flow rates of the amine solvent. Overall, the
predictions are in excellent agreement with the measurements, showing errors lower than 5%.
Notice that such an agreement is quite remarkable given that none of the model parameters are

adjusted here, thereby providing a first validation of the main modeling assumptions.

The MBC model correctly predicts the increase in CO; absorption flux with a larger inlet gas
flowrate, driven by a larger amount of CO> in the gas feed. As far as membrane wetting is
concerned, non-wetted operation is predicted for all three N2/CO» experiments in Figure 3.7A-

C, whereas a wetting ratio in the range 5-11% is predicted for the CH4/CO> experiment. This
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difference between both gas mixtures can be attributed to a higher contact angle in the

experiment with N2/CO» (8 = 95.3°) compared with CH4/CO> (6 = 92.5°).
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Figure 3.7: Predicted CO; absorption fluxes against experimental measurements in lab-scale
MBC module. A,B,C: effect of N»/CO; gas flowrate for fixed solvent flowrates of 0.6 L h',
1.2 Lh', and 1.8 L h'!, respectively; D: effect of CH4/CO> gas flowrate for a fixed solvent
flowrate of 1.2 L h'!.

3.4.2 Pilot-Scale MBC Module

A comparison between measured and predicted CO> removals in the pilot-scale MBC module
is presented in Figure 3.8, also in terms of the CO; absorption flux ® defined in Eq. (3.39).
The experimental data correspond to different flow rates of the amine solvent and of the NG
mixture (see Table 3.1). The MBC model predictions are in good agreement with the
measurements, albeit showing larger and more systematic errors, up to 10% overestimation, as
compared with the lab-scale results in Figure 3.8. A possible explanation for such systematic

offsets between the predictions and measurements, could be due to the model currently
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neglecting the heat generated from the reaction between CO; and the amines, which causes the
liquid temperature to rise. This scenario is analyzed in Sec. 3.4.3 below. Another contribution
to this offset could be underestimating the mass-transfer resistance near the membrane-liquid

interface, especially at lower liquid flow rates, e.g. due to the formation of a boundary film.

The model correctly captures the improvement in CO> absorption flux on increasing the solvent
flowrate in Figure 3.8A, and it also predicts a corresponding small increase in the membrane
wetting. This extra wetting is due to a higher pressure drop in the shell, and therefore a higher
transmembrane pressure, as described in Egs. (3.4) and (3.5). On balance however, the effect
of a larger wetting remain small in comparison with the effect of a leaner amine (and hence a
larger concentration gradient) in terms of the overall CO2 mass transfer. These results are also
a confirmation that the MBC performance is, to a large extent, dominated by the
physicochemical processes taking place in the liquid phase, a behavior that has been reported

elsewhere in the literature (Boributh et al., 2011; Goyal et al., 2015).

The model also correctly captures the increase in CO» absorption flux for increasing inlet gas
flowrates in Figure 3.8B, as driven by a larger amount of CO; in the gas feed. Also note that,
since the pressure drops in the tubes is negligible — see Eq. (3.4) — increasing the inlet gas

flowrate has essentially no effect on the wetting ratio.

experimental flux ~— & predicted flux == min/average/max wetting —o—
5.0x107% . : : T . 100% 5.0x107* . T . : 100%
A B
— 45d0* | E———/E o 45x10 |
5 1 80% a z 4 B0%
e 4010t |, A E 4.0x10* | &
g g £ i g
E -4 | ® E -4 | ®
5 35<10 {eon = 5 3510 0% %
3 30x10% E 5 aoxt0*f g
= o = =
S {a0% £ 5 {40% £
5 25x10% 0% 3 g 285x0* | %
2 2 "
€ 20x10* 8 20x10% |
8 1 20% & 4 20%
O q5x10* O 1sx10* |
-4 | L L L ' L -4 L 1 1 1 L 'y
1.0x10 0% 1.0x10 0%
180 200 220 240 260 280 300 55 60 65 70 75
. i 2 i -1
total liquid flowrate, A" [L h™'] total gas flowrate, My [kg h™']

Figure 3.8: Predicted CO; absorption fluxes against experimental measurements in pilot-scale
MBC module, together with predicted membrane wetting. A: effect of solvent flowrate for a

fixed NG flowrate of 75 kg h'. B: effect of NG flowrate for a fixed solvent flowrate of 220
Lh'.
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3.4.3 Temperature Correction

This subsection quantifies the effect of a rise in the solvent temperature due to the exothermic
reaction between CO> and the amines. An increase in the solvent temperature leads to a
reduction in surface tension, therefore causing extra wetting of the membrane according to Eq.
(3.3) and a reduction in the CO; flux through the membrane. The temperature difference, AT;
[K] between the lean amine fed to the MBC module and the enriched amine outlet can be

estimated by means of a lumped energy balance under adiabatic conditions (Li et al., 2017),
piF"C, AT, = ®A,, AH, . (3.40)

where the term ®A,, [mol s™'] describes the overall rate of CO2 removal; and the specific heat
capacity of the amine solvent and the enthalpy of reaction are set to C, = 3600 J kg'1 K!

(Weiland et al., 1997) and AH, = — 60000 J mol™ (Kabadi, 2007), respectively, in a first

approximation which are assumed to be independent of temperature.

Based on Eq. (3.40) and the data in Table 3.1, the solvent temperature in the pilot-scale MBC
module is predicted to increase by 10-14 K. This rise, in turn, corresponds to a reduction in the
solvent surface tension from 0.046 N m™! to about 0.044 N m!. The results of the MBC model
simulations with the corrected surface tension values are presented in Figure 3.9. The predicted
CO» absorption fluxes are now in close agreement with the measured efficiencies, after an
increase in the predicted membrane wetting. By contrast, the solvent temperature in the lab-
scale MBC module is predicted to increase by a few degrees only, which have a minor impact
on the computed fluxes in Figure 3.7. The larger temperature rise in the pilot-scale module is
due to the liquid-to-CO;-gas-absorbed (L/G) ratio thereof being only one-third of the L/G ratio
in the lab-scale module. A low L/G ratio as in the pilot-scale module is comparable to
conventional packed columns, and is typically preferred in practice since it reduces the energy
needed for solvent regeneration (Liebenthal et al., 2013). In sum, this cursory analysis confirms
that one should not neglect the temperature rise in the solvent to empower more accurate
performance predictions in pilot-scale (or larger-scale) MBC modules. Clearly, this calls for
the development of a detailed energy balance alongside the mass balance equations in the MBC

model, which will be addressed as part of Chapter 4.
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Figure 3.9: Temperature-corrected predictions of CO; absorption fluxes against experimental
measurements in pilot-scale MBC module, together with predicted membrane wetting. A:
variation of the solvent flowrate for a fixed NG flowrate of 75 kg h!; B: variation of the NG
flowrate for a fixed solvent flowrate of 220 L h™!.

3.5 Model-Based Analysis

This section of the chapter presents a model-based analysis of MBC for natural gas sweetening,
with a focus on high-pressure operation and membrane wetting. The analysis is conducted for

the pilot-scale MBC module, and applies the temperature correction discussed earlier.

3.5.1 Effect of High Pressure MBC Operation on CO; Removal Efficiency

The benefits of atmospheric MBC operation for CO: removal are well established
(Mansourizadeh and Ismail, 2009; Zhang and Wang, 2013). This section investigates whether
or not high-pressure operation is advantageous to the MBC performance in terms of CO:
removal. Physically, the diffusivity of CO2 in NG is known to decrease at higher pressure, thus
increasing the overall mass transfer resistance; whereas an increase in the CO; partial pressure
will enhance the mass transfer, and so will a lower gas velocity by increasing the residence
time of the gas. Predicting the net effect of raising the operating pressure on the CO> absorption

flux and the CO; removal efficiency is therefore challenging.

The graph in Figure 3.10A shows the effect of varying the operating pressure in the (vertical)
pilot-scale MBC on the CO; removal efficiency, n [- ] given by

750 Tao, (0)
7,(L) Ceo, L)

(3.41)
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The MBC model predicts an improvement in CO; removal efficiency from about 60% to 80%
in increasing both the gas and liquid pressures from 1400 kPa to 5400kPa (maintaining a
transmembrane pressure of APrypp = 30 kPa along the fibers in order to prevent gas
bubbling). This corresponds to an improvement in CO; absorption flux @ by nearly 40%. On
balance, the increase in mass transfer driving force and the longer residence time thus clearly
dominate over the lower diffusivity in terms of CO2 absorption and removal efficiency. These
results are consistent with those previously reported by Faiz and Al-Marzougqi (2010), although
their model could not predict the effect of varying operating conditions on membrane wetting
or the evolution of membrane wetting along a hollow fiber. In particular, the model only
predicts small variations in the wetting ratio in operating the MBC at different pressures, and
therefore the performance improvement at high pressure is not associated with a reduction in

membrane wetting.

From a process engineering standpoint, higher efficiency in terms of CO> removal in high-
pressure MBC compared with atmospheric operation could enable a reduction of the absorber
volume (i.e., lower membrane area and module size) and/or a lower solvent flowrate (i.e., lower

solvent regeneration and pumping energy) in order to meet a certain CO; purity specification.
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Figure 3.10: Model-based analysis of (vertical) pilot-scale MBC module. The NG gas and
solvent flowrates are 75 kg h'' and 220 L h™!, respectively. The solvent temperature is corrected
using Eq. (3.40). A: effect of operating pressure. B: effect of the contact angle.
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3.5.2 Effect of MBC Module Orientation on CO2 Removal Efficiency

The concentration profiles of CO; and amines around a single fiber are shown in Figure 3.11A,
for the pilot-scale module in vertical orientation, operated under 5400 kPa and with other
conditions as given in Table 3.1. The three graphs show that the wetting ratio 3 (or,
equivalently, the wetting radius r;,) varies significantly along the fiber axis, from about 6% at
the gas inlet to over 64% at the gas outlet. This variation is mainly due to the static head in the

liquid phase, while the pressure drops remain small in comparison.

On the left graph in Figure 3.11A, the CO; concentration in the tube is the highest at the gas
inlet, z = 2 m, and decreases along the fiber. In this vertical configuration, the predicted CO>
removal efficiency is rather low, around n = 79%, due to significant wetting of the membrane.
Recall also that the gas phase is uniform in each tube cross-section per the modeling
assumptions in Sec. 3.2.2. In the dry part of the membrane, the CO> concentration is decreasing
slightly in the radial direction due to diffusive transfer limitation, and then shows a
discontinuity at gas-liquid interface, with a near-zero CO: concentration across the liquid

phase.

The center and right graphs in Figure 3.11A show that the MDEA and PZ amine concentrations
in the shell are the highest at the liquid inlet, z = 0 m, and decrease along the fiber axis due to
the reactions with COs. It is noticeable that the PZ concentration decreases faster than the
MDEA concentration, due to PZ having a higher reactivity with CO> than MDEA. These plots
also depict steep gradients in MDEA and PZ concentrations across the wetted-part of the
membrane, as well as some variations across the liquid phase, which justify the use of 2-d

modeling to describe radial diffusive mass transfer in the membrane and shell sections.

For comparison, the concentration profiles shown in Figure 3.11B are for the same pilot-scale
module, now in horizontal orientation. The wetting ratio is predicted to be much smaller and
about constant along the fiber length, around 6%, due to the transmembrane pressure difference
no longer being subject to the liquid static head; see Eq. (3.4). Consequently, the predicted CO»
removal efficiency in horizontal orientation improves enormously, reaching 99.99% (residual
concentration of @(O) ~ 1.5 X 1072 mol m~3), as compared with a mere 79% removal in
vertical orientation. Also notice that a majority of the PZ amine is depleted at the horizontal

module outlet. By contrast, the performance of the lab-scale module, whose length is much
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shorter than the pilot-scale one (see Table 3.2), does not improve significantly in changing the

orientation to horizontal (results not shown).
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Figure 3.11: Concentration profiles of CO> (left), MDEA (center) and PZ (right) for a single
fiber of the pilot-scale MBC module. The NG and solvent flowrates are 75 kgh'! and
220 L h'!, respectively. The solvent temperature is corrected using Eq. (3.40). A: vertical
module orientation. B: horizontal module orientation.

71



Overall, this analysis suggests that, for the PTFE hollow-fiber membrane at hand, the vertical
mode of operation might not be viable in pilot-scale and larger-scale applications where the
fibers are several meters long. For such tall modules, the effect of liquid static head could result
in the bottom section of the membrane being fully wetted, thereby reducing the CO» absorption
flux dramatically, or even making it infeasible to reach CO» purities down to the ppm level.
The vertical mode of operation is nonetheless advantageous in practice since it has a much
lower physical footprint than horizontal operation, especially on an offshore platform (Quek et
al., 2018). As part of future work, it would be interesting, to use the MBC model for targeting
improvements in the membrane material, amine solvent and operating conditions all together,
in order for the vertical mode of operation to become viable in full-scale industrial applications.
For instance, the graph in Figure 3.10B reports predictions of the CO» removal efficiency for
(hypothetical) membranes having contact angles with the amine solvent in the range between
91.5°-94.0°. The efficiency increases steeply over this range, as a driven by a large reduction
in membrane wetting. Moreover, the MBC model predicts that CO, removal efficiencies as
large as those obtained in horizontal orientation could be obtained in the vertical pilot-scale

module by using a PTFE membranes with higher hydrophobicity/contact angle.

3.6 Conclusions

This chapter has developed a mathematical model of high-pressure MBC using chemical
solvents, which describes the effect of membrane pore-size distribution and operating
conditions on membrane wetting and CO> absorption. A verification of the model has been
conducted for both lab-scale and pilot-scale MBC modules, showing a close agreement of the
predictions with measured CO» absorption flux at various gas and liquid flowrate, subject to a
temperature correction to account for the heat of reaction in the liquid phase. Next, a model-
based analysis of MBC for natural gas sweetening has been presented, with a focus on high-
pressure operation and the effect of membrane wetting. The results confirm the advantages of
a pressurized operation in terms of CO, removal efficiency. Moreover, a comparison between
vertical and horizontal modes of operation has shown that the CO, removal efficiency in the
latter can be vastly superior as it is not subject to the liquid static head. A vertical mode of
operation could nonetheless become competitive if membrane materials with improved

hydrophobicity were used.
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A natural continuation of this work entails the development of MBC-based NG sweetening
process model possible to analyze the effects of various absorption/desorption design
configurations and operational decisions. These developments are the main focus in the

following chapters of the thesis.
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Chapter 4 Modeling of High-Pressure Membrane
Contactors for Process-Wide Design and Operations.

4.1 Introduction

Chapter 3 has introduced a predictive mathematical model of high-pressure MBC using amine
solvent and has experimentally verified its prediction under lean amine conditions. A natural
continuation therefore entails using this model to predict the performance of a complete MBC-
based process for NG sweetening, including solvent regeneration and losses, as well as
hydrocarbon (HC) losses, in order to drive better process design and operation. Such an
application of the MBC model, however, calls for further developments in order to accurately
describe semi-lean operation, and a more systematic account of temperature variations in the

MBC.

Most research work to date has neglected the effect of solvent evaporation on the MBC process
performance. In practice, the gradual loss of solvent to the treated gas in the MBC can change
the CO; absorption rate. So solvent make-up is required to maintain the desired solvent
concentration, which can play an important role on the process economics. Ghasem et al.
(2013) developed an MBC model that considers the amount of water evaporated from the
solvent at various inlet absorbent temperatures and the corresponding latent heat of
vaporization at atmospheric pressure. To the best of knowledge, no research to date has
accounted for the solvent evaporation in the form of water, MDEA and PZ in MBC at high
pressure. Therefore, the amount and the composition required for solvent make-up cannot be

accurately quantified.

The amount of water evaporated from the solvent leads to a temperature drop of the solvent.
Such a drop in the solvent temperature was predicted to increase with the inlet solvent
temperature by Ghasem et al. (2013), due to the increased amount of water evaporated and
latent heat of vaporization. Therefore, it is of interest to investigate the net effect of solvent
evaporation and the exothermic reaction between CO; and the amines on the solvent
temperature, especially in high-pressure MBC. The ability to predict the solvent temperature
exiting the MBC is essential to design the heat exchangers at the solvent regeneration process
accurately. Such modelling can also be used to identify potential temperature bulge along the

MBC length, which is a phenomenon frequently observed in conventional CO; absorption
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towers. Krishna and Wesselingh (1997) and Al-Baghli et al. (2001) reported that a temperature
bulge is commonly located at the bottom of conventional absorber column, while Kvamsdal
and Rochelle (2008) reported a temperature bulge located in the middle of the column, which
might affect the mass transfer performance. Important factors like the CO» capture capacity

and the corrosion rate directly depend on the temperature of the column.

The effectiveness of amines for CO> removal is well established (Paul et al., 2007; MacDowell
et al., 2010). The Gas Processors Suppliers Association (2004) recommends maintaining the
lean solution temperature at least 5°C above the hydrocarbon dew point temperature of the
treated gas. The reason for this guideline is to prevent the condensation of hydrocarbons in the
contactor and to avoid subsequent problems that a second liquid phase causes in an NG
sweetening plant. Addington and Ness (2010) propose the same rule of thumb to prevent
hydrocarbon condensation in the amine sweetening unit by keeping a minimum temperature
difference of 5°C. Although HC condensation can be avoided, the physical absorption of the
hydrocarbons into the amine solution is inevitable in practise (Carroll et al., 1998; Sanchez et
al., 2009; Hatcher et al., 2013). Although usually quite small, any HC absorbed by the amine
solvent that is not recovered will end up in the waste acid gas stream and therefore represents
product loss. The presence of hydrocarbons in the acid gas stream also cause problems
downstream of the MBC process, such as catalyst fouling in Clause reactors (Carroll et al.,

1998).

Although the solubility of light HCs such as methane, ethane, and propane into the amine
solvent is negligible at or near atmospheric pressure, it is known to increase by 10-30 fold when
the pressure increases to 60 bar (Carroll et al., 1998). This finding is consistent with experiment
result conducted by Kang et al. (2017), where the solubility of CH4 in amine operating in MBC
increase dramatically from 1 to 60 bar. To the best of knowledge, no research to date has
considered HC absorption in MBC using amine solvent within mathematical models ( Faiz &
Al-Marzouqi 2010; Rezakazemi et al. 2011). Therefore, the extent of HC loss cannot be

quantified accurately.

The main contribution of this chapter is a refinement of the model in Chapter 3 in order to
enable the development of a plantwide model for an MBC-based process for NG sweetening.
This refinement entails the modeling of solvent evaporation rate, energy balance, and

hydrocarbon solubility in amine solvent. For the first time, the evaporation losses of water,
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MDEA and PZ are distinguished, which is essential to identify and quantify the amount of
solvent make-up required to maintain the concentration of the solvent in the MBC process and
the subsequent scale-up and technical assessment (see Sec. 5.6 in Chapter 5). An energy
balance is solved alongside the mass balance in the MBC model, that accounts for heat losses
from solvent evaporation and the exothermic reaction between CO; and the amines. In addition,
simple, conservative approach to estimating the physical absorption of methane, ethane and
propane in amine solvent at different temperatures, pressures and concentrations is proposed

using solubility data from the literature.

The predictive capability of this refined model is again tested against data from two
experimental settings: a lab-scale MBC module, where the purification was conducted using
binary gas mixtures of N2/CO; at 54 bar; and a pilot-scale MBC module operated under
industrially relevant conditions at a natural gas processing facility in Malaysia. All of the
experiments were conducted with aqueous mixtures of MDEA and piperazine (PZ) as the
chemical solvent and in a horizontal operation (Figure 4.1) based on the recommendations in
Chapter 3. But compared to Chapter 3, a new hollow fiber membrane (HFM) was used in both

the lab-scale and pilot-scale modules, which has a smaller outer radius and is braided to

increase fiber length.

W
%

Figure 4.1: Horizontal MBC operation. Left: lab scale MBC; Right: pilot scale MBC

The rest of this chapter is organized as follows. The mathematical model of a horizontal
counter-current hollow-fiber MBC module is summarized in Sec. 4.2, with a focus on the new
developments to model the hydrocarbon absortive, solvent evaporative losses, and the
temperaturate variations inside the MBC. A description of both experimental set-ups,

corresponding model parameters, model-based design of the pilot-scale MBC, and
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computational methods is given in Sec. 4.3. Results of the experimental model verification are

presented and discussed in Sec. 4.4. Finally, Sec. 4.5 concludes the chapter.

4.2 Refinement and Extension of Hollow-Fiber MBC Model

The hollow-fiber MBC module under consideration is shown in the left-hand panel of Figure
4.2. The NG gas mixture containing CO; flows through the membrane fibers (at z = L), while
the solvent flows inside the shell (at z = 0), in a counter-current configuration. The gas mixture
diffuses from the tube side through the fiber walls into the shell, where CO; is chemically

absorbed by the solvent to enhance the removal rate.
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Figure 4.2: Schematic diagram of horizontal MBC with the four conceptual domains. Left:
cylindrical approximation around each fiber. Centre: a single piece of the hollow fiber. Right:
spatial domains in the MBC model.

4.2.1 Background

A full description of the modelling of membrane wetting and the underlying assumption was
given in Sec. 3.2.1 of Chapter 3. A conceptual variable called wetted radius (7, [m]) is
introduced to represent the average fraction of membrane pores filled with liquid, in order to
describe the degree of membrane wetting. Thus, the non-wetted and fully-wetted modes of
operation correspond to 1, = 1, and 1, = 1y, respectively, with r; and r, the inner and outer
radius of the fibers. On exploiting symmetry, the spatial domain to model a piece of hollow
fiber can be taken as (r,z) € [0,73] X [0, L], which is further partitioned into four subdomains
as shown on the right panel in Figure 4.2: (i) tube, 0 < r < ry ; (ii) membrane-dry, r; <1 <
T, (z); (iil) membrane-wet, 1,,(z) < r <1y; and (iv)shell,, <r <r;. Notice that the

geometry of the wetted and non-wetted membrane subdomains is complicated by the
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dependence of the wetted radius on the axial position, z. As explained in Chapter 3, many
factors are known to affect the degree of wetting, including the membrane-solvent
combination, membrane properties such as contact angle (CA) and various operating
parameters. In principle, membrane wetting could be prevented by keeping transmembrane

pressure below a critical breakthrough pressure.

Mass conservation equations in the tube, membrane and shell sections of the MBC, together
with the associated boundary conditions and underlying assumptions, were detailed in Sec.
3.2.2 of Chapter 3. These equations consider steady-state and isothermal operation in all
phases, and are summarized in Table 4.1 for convenience. The following subsections detail
the modeling of hydrocarbon absorption in solvent and solvent evaporative losses, and the
energy balance to describe temperature variation inside the MBC. Full model equations for

modeling of MBC in Chapter 4 are summarized in Appendix B (Table B.2).

4.2.2 Modeling of Light Hydrocarbon Losses

A first approximation, the solvent is assumed to be saturated with hydrocarbons at the MBC

liquid outlet (z = L) and Henry’s Law is used to estimate their concentrations:

ot =% e {CH,, C;He, C3Hg), (4.1)

il

with the Henry’s constant H; [m3 Pa mol'l], corresponding to the outlet solvent temperature,
pressure and composition. Since the solvent inlet stream to the MBC does not contain any
hydrocarbon, the loss rate in light hydrocarbons to the solvent is considered at the overall mass

balance level (lumped) and readily obtained from
Nt =CY"F, i€ {CH,, C;He, CsHgl, (4.2)

The loss rate in Eq. (4.2) provides a worst-case scenario in estimating the amount of HC that
is potentially lost if not recovered in the downstream flash drum. It is useful for benchmarking
the HC losses compared to other conventional CO; removal technologies. The prediction of
the H;) is detailed later in Material and Methods section (Sec 4.3.4.1) and the modeling

approach is then verified experimentally in Results section (Sec. 4.4.2.2).
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Table 4.1: Summary of mass conservation equations and boundary conditions.

Section Material Balances
Gas Phase dCCOz (Z) _ 2 DCOz,md I _ ZRTginC.‘CO2 (Z)l a€c02 (T, Z)
(r,2) € [0,7,] x [0,L]: 0z Vg (2)1y B ar "

r=ry

dTTg(Z) _ 2 DCOz,md ZRTgm 6CCO2 (T', Z)
0z T Pjn or

r=r{

Membrane-Dry Phase
(T', Z) € [T'l,TW(Z)] X [0; L]

92 CCOZ (r,z)
DCOz,md or2

1 aCC02 (T',Z)
2 =0
r ar

Membrane-Wet Phase

0%C;(r,z) 10Ci(r,z) R.(C —0 . € {CO. sol
. . 2. . 2
Liquid Phase w(r )ac i(r.2) =D, ] (c;r(zr.z) +%ac;(rr,z) 4 9% (rz)] + R,(Ci(r, 2)),
r,z) € |ry,, 13| X|0,L]:
(r,2) € [r,m3] X [0,L] i € {CO,,sol}
210121 T2 in
v(r) =200f —13) T n(r) » = T

ariri-ry 3r§*—4r§ln(i—§) TR (1-0)

Boundary Conditions

Gas inlet, z=L:

yCO2 ngm
(L) = ZRT,

Cco,

Liquid inlet, z=0, r € [r,, 13]:

CC02 (T‘, 0) - fCOz sol ’ sol(r 0) - sol

Liquid outlet

KD =0 i €{CO,,sol}
z=L,r € [ry,13]: z lz=L
Gas-membrane Interface .
Cco,(11,2) = Ceo,(2)
r=ry,z € [0,L]:
Gas-liquid Interface _ Hco 0Cso (1, 2)
Cco,(1w (2),2) = ZRYZ‘I Ceo, (1w (2),2), Soa— =0
r=t,(z),z € [0,L]: r o lr=ri@
0Cco, (1, 2) 0Cco, (1, 2)
COpmd [ COrmw ™ A
or r=rw(z) or r=r&(2)
Liquid-membrane Interface Ci(r}t,z) = Ci(ry,z), i €{C0O,,sol}
r=r,, z € [0, L]: - 9Ci(r.2) _pn 9GT2) .
2 Dl,l r T=T2+ - Dl,mw or T=T2_’ IS {COZJ 501}
Liquid Boundar .
a y @A i €{CO,,sol}
r=r3, z € [0, L]: T=r3
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4.2.3 Modeling of Solvent Evaporation in Treated Gas

Like with hydrocarbon losses before, it is assumed herein that the treated gas at the MBC outlet
(z = 0) is saturated with solvent and the solvent evaporation rate is considered at the overall
mass balance level (lumped). This assumption may overpredict the solvent evaporation rate
due to the gas residence time being shorter than necessary to reach its equilibrium.
Nevertheless, it is interesting to model the worst-case solvent evaporation rate to investigate
the solvent loss in treated gas with respect to solvent circulation rate (See Sec. 4.4.3 for further
discussion) and to benchmark the solvent rate loses in MBC system with a conventional packed

column system (See Sec. 5.5.3 in Chapter 5).

For the vapour-liquid equilibrium at z = 0, Raoult's Law can be used to approximate the molar

fraction of solvent in the gas outlet, yfgt [—] as

in pvap,in
your =B i e (H,0,MDEA, PZ} 4.3)
g
where the terms x;}[~], Piwp'in [kPa], and PY"‘[kPa] are the molar fraction, the vapour

pressures of species i € {H,0, MDEA, PZ} at liquid inlet, and the gas outlet pressure,

respectively.

Since the gas inlet in a counter-current flow MBC is solvent free, the solvent loss rate,

NPg[mol s~'] is calculated as

out

Yie % ¢ (4,0, MDEA, PZ} (4.4)

out __ — iLg
Nig" = Nmr{7,(0) 76T, "

4.2.4 Modeling of Solvent Temperature

Instead of using a simple temperature correction based on a lumped energy balance as in
Chapter 3, a spatial distributed modelling of the solvent temperature is conducted here. This
modelling accounts for heat losses due to solvent evaporation as discussed earlier in Sec. 4.2.3
and the exothermic reaction between CO; and the amines under adiabatic condition. For

simplicity, the assumption is made that the solvent evaporation occurs at the liquid inlet (z =
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0) before the solvent reacts with the CO> along the fiber length. It is noted that while solvent
evaporation decreases the solvent temperature, CO> absorption increases the solvent
temperature. Therefore, modeling of solvent temperature will provide insight on the relative
contribution of each effect on solvent temperature. An experimental verification will confirm

the validity of the modeling assumptions later in Sec. 4.4.1.

Based on the solvent evaporation rate determined in Eq. (4.4), the energy consumed for solvent
evaporation, Qyap, [J s™1] and the solvent temperature at shell inlet, T;(0) can be determined
as follows

i vap,in
x}n P Y

Quap = K" p1 Gy (T = Ti(0)) = (O)Nmr £ 70— aHPP(T")  (45)

where " [m®s™1] p; [kgm™3], C,[J kg! K! |, T [K] and AH;®P [J mol~1], are solvent
inlet volumetric flowrate, density, specific heat capacity, inlet temperature and the latent heat
of vaporization of species i € {H,0, MDEA, PZ}, respectively. The specific heat capacity of the
amine solvent and the latent heat of vaporization are set to €, = 3600 J kg'1 K (Weiland,
Dingman, Cronin, ef al, 1997) and AHy’( = 12688,AHyp:, = 62120,and AHp," =

387501J mol'l(Engineering ToolBox, 2010; Chemeo, 2017), respectively.

Diffusive heat transfer in the shell is fast enough (Péclet > 10* ), and therefore thermal
diffusion along the axis may be neglected. Furthermore,the solvent temperature is assumed to
be homogeneous in the radial direction. This leads to the following energy balance for
quantifying the solvent temperature rise, Tj(z) along the fiber length by accounting for the

exothermic CO; absorption reaction under adiabatic conditions:

an@ _ 2y d(7g(z)Cco, (2)) Al

F"p, C
1 P P dz 1 dz r

(4.6)

where the enthalpy of reaction is set to AH, = —60000 J mol™ (Kabadi, 2007).
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Notice that Eq. (4.6), which is now refined to be in spatial distributed modelling compared to
the lumped-energy balance in Eq. (3.40) used in Chapter 3. The predicted value of T;(0) in
Eq. (4.5) provides the boundary condition at z = 0 for Eq. (4.6).

4.3 Material and Methods

4.3.1 Experimental Setups

The lab-scale module experiments were conducted with a binary feed gas mixture of No/CO»
at 54 bar. The pilot module was operated under industrially relevant operating conditions, also
at 54 bar in a natural gas processing plant in Malaysia. In both cases, aqueous mixtures of
methyldiethanolamine (MDEA) and piperazine (PZ) were used as the chemical solvent. The
corresponding operating and design conditions in the lab and the pilot plant are summarized in

Table 4.2.

Table 4.2: Operating and design conditions in the lab and pilot plant

N2/CO2 NG

Parameters
(Lab) (Pilot)

CO: inlet, ¥, o [mol%] 20-24 5.18
MDEA/PZ inlet, [wt%] 37/6 39/5
Inlet gas pressure, P," [kPa] 5400 5400
Outlet liquid pressure, P"" [kPa] 5430 5430
Gas mass flowrate, Mi* [kg h™'] 2-3 50-75
Liquid volumetric flowrate, F;" [L h'l] 8-10 175-275
Gas temperature, Tg" [K] 293 298
Liquid temperature, T{™ [K] 310-313 303-308

CO: loading in solvent, fif, | [mol mol™"] ~ 0.01-0.23  0.01-0.23

Lab-Scale MBC Module

The experimental setup for lab-scale testing is identical to the set-up detailed earlier in Sec.
3.3.1. The main difference is that the MBC is now oriented horizontally, based on the findings
in Chapter 3 (see Figures 4.3).
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Figure 4.3: Schematic of the lab-scale setup for CO, removal using a horizontal MBC.

Pilot-Scale MBC Module

The experimental setup for pilot-scale testing is also similar to the setup described in Sec. 3.3.1,
again with the difference of a horizontal MBC module (see Figure 4.4). The CO: loading was
increased gradually during the experiments, starting with lean operation ( fcircl)zjl =0.01). This

was achieved by reducing the heat input into the electrical reboiler to obtain a higher CO»
loading in the solvent. Once the plant had reached a steady-state at a particular reboiler energy
duty, the lean amine was sampled and analyzed for its CO2 content and loading before reducing
the reboiler energy duty further. During the experiments, parameters such as CO inlet, feed
gas and amine flowrates were kept constant and the gas compositions in the MBC feed, outlet
and the flash gas were analyzed and recorded using gas chromatography (PGC1000 Gas
Chromatograph, ABB) every 6 minutes, after the system had reached steady state. In addition,
pure CO; from a pack of cylinders was blended into the feed gas line to enable high CO»
experiments (up to 18%). The fluid flowrates and gas compositions values were averaged

hourly and compared with model predictions.
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Figure 4.4: Schematic of the pilot-plant setup for CO removal using a horizontal MBC.
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4.3.2 Membrane Characteristics

The high-pressure MBC modules were packed with hydrophobic, Polytetrafluoroethylene
(PTFE) hollow fiber. Table 4.3 reports the main characteristics and geometrical properties of
the MBC used for lab- and pilot-scale testing.

It is important to note that a new hollow fiber membrane (HFM) was used to conduct the lab
and pilot scale experiments in this chapter, compared to the HFM in Chapter 3. The new
membrane has a smaller fiber outer radius and membrane thickness, and the length of the fibers
is also increased by about 15% due to braiding of the fibers inside the MBC module — see Table

3.2 and Table 4.3 for comparison.

Table 4.3: Specifications of the lab- and pilot-scale membranes.

Parameters Lab Pilot Source
module module

Fiber length, L [m] 23 2.3 (PRSB, 2016)
Fiber inner radius, r; [um] 225 225 (PRSB, 2016)
Fiber outer radius, r, [um] 550 550 (PRSB, 2016)
Membrane porosity, € [—] 0.41 0.41 (PRSB, 2016)
Membrane tortuosity, T [—] 6.1 6.1 Eq. (3.31)
Max. pore radius, 8, [1m] 0.18 0.18 (PRSB, 2016)
Mean pore radius, § [um] 0.06 0.06 Eq. (3.32)
Pore standard deviation, o [—] 0.24 0.24 Eq. (3.32)
Contact angle, 0 [°] 92.4 92.4 (PRSB, 2016)
Packing density, @ [—] 0.40 0.38 Sec. 4.3.3
Module inner radius, R,, [m] 0.0125 0.115 (PRSB, 2016)
Membrane area, A,, [m?] 1.67 68 Sec. 4.3.3
No of fibers, N 209 8400 (PRSB, 2016)
Specific surface area [m™1] 1700 1600 (PRSB, 2016)
Outer radius of tube insert, R; [m] N/A 0.08 Sec. 4.3.3
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Following the same approach as in Sec. 3.3.2, pore-size distribution (PSD) data from the
manufacturer (PRSB, 2014) were used to fit the log-normal distribution in Eq. (3.32). The
resulting least-squares fit in Figure 4.5A shows an excellent agreement with the data, and the
corresponding estimate for § and o can be found in Table 4.3. In turn, a surrogate relationship
for the wetting ratio 3 as a function of the critical pore radius &, in the range [0, §,,.¢] could be
obtained in the form of Eq. (3.33), with a, = 9.029, a; = —17.209, a, = 11.222, and a; =
—2.938. A comparison between the actual wetting ratios in Eq. (3.9) and the fitted surrogate
in Eq. (3.33) is shown on Figure 4.5B.

1 T A 2 T 2 1 T T T T T T
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Figure 4.5: A: Comparison of cumulative pore area ratio distribution based on the log-normal
pore size distribution in Eq. (3.32) using the parameters in Table 4.3, against the manufacturer
(PRSB, 2014) data. B: Comparison of the wetting ratio expression in Eq. (3.9) with the fitted
surrogate expression in Eq. (3.33) in terms of the critical pore radius .

4.3.3 Pilot-scale Module Design

The characteristics of the new HFM as well as the braiding (see Figure 4.6A) are expected to
greatly increase the pilot-scale gas treating capacity due to an increase in specific surface area
from ca. 1300 m™ (see Table 3.2) to ca. 2300 m™! for the same packing density (@ = 0.55).
However, the pilot plant cannot operate at a gas flowrate higher than 75 kg hr! due to
limitations in other parts of the plant. As a result, operating the pilot plant at design capacity
with the new membrane in a horizontal operation (see Sec. 3.5.2) would result in CO; removal
efficiency close to 100% in most experiments. Therefore, this subsection seeks to design a new

pilot module, that would achieve a CO; purity of 50 ppmv at the full capacity. In order to
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maintain packing density in the new module close to 0.55, the module cross-sectional area was
scaled down by inserting a steel tube at the center of the module (see Figure 4.6B). The packing

density, @ and membrane area, A,, are given by

0 = rZN
RZ-RZ

4.7)
A, = 2nnLN | (4.8)

where N is the number of fibers in the MBC module; R, [m] and R, [m] are the inner radius

of the module and the outer radius of the steel tube insert, respectively; and L is the fiber length.

Figure 4.6: A: Braided HFM to inclrease the fiber length by 15% (i.e., from 2 to 2.3 m);
B: cross-section of pilot-scale module with steel tube insert in the center to reduce the total
membrane area.

Figure 4.7A shows the required outer radius of the steel tube insert for different membrane
areas in order to maintain a packing density of 0.55. The results in Figure 4.7B show the

out

predicted CO; absorption flux, ® [mol m™ s™'] and CO: outlet gas purity, y&5' , [ppmv] for
different membrane areas at the maximum pilot capacity (Mé,“ =75 kg h!, F"=275 L h",
ygloz’g =5 mol% ). These predictions are computed with the original model in Chapter 3, using

the new membrane properties in Table 4.3.

The model predicts a CO; outlet gas purity lower than 50 ppmv in cases of total membrane
area above 80 m?, with negligible wetting for all the cases due to horizontal operation. Notice
also that the CO; absorption flux decreases with larger membrane area, given that the

membrane area is already large enough for the CO, outlet purity to be at the ppm level.

86



.3
0.1 : : : : 14000 1x10 ‘ ‘ ‘ ‘ ' 400

A B
; 1 350
i — B0 |
 o0os | 13000 - _
E o . 300 £
D:‘: 4 12000 - _E 8x10™ [ g
5 00 = E 25 _§
< D - 11000 8 ° aQ
£ oossf z 3 200 2
5 {10000 B 5 2
= E a 150
Eoomy o0 B S
B “ 100 &
2 3 o
0.075 - | 8000 50
0.07 . ‘ ' ; 7000 3x10™ ‘ : ‘ ‘ ' 0
50 60 70 80 80 100 110 50 60 70 80 90 100 110
membrane area, Ay, [m2] membrane area, A, [mz]

Figure 4.7: A: Predicted total number of fibers and outer radius of steel insert; B: Predicted
CO: outlet gas purity and absorption flux at different membrane area, while maintaining the
packing density of 0.55.

However, due to the rigid steel tube and braided structure of the HFM, only 8400 fibers could
be successfully installed in practice with a tube insert of radius, R; = 0.08 m compared to the
required ca. 11,000 fibers. This configuration yields a packing density of only 0.38 and a
reduced surface area of 68 m?, as reported in Table 4.3. Nonetheless, it was decided to use this

module configuration for all the pilot-scale tests (Sec. 4.4.2).

4.3.4 Thermo-Physical, Transport, and Reaction Kinetic Data

This subsection starts by discussing the prediction of Henry’s constant for light hydrocarbon
in amine solvent needed to estimate hydrocarbon losses (Sec. 4.3.4.1), and then the prediction
of Henry’s constant for CO> in semi- lean amine solvent (Sec. 4.3.4.2). Other temperature-
dependent expressions for (i) the macroscopic reaction rates of CO> with MDEA and PZ, and
(i1) the diffusivity coefficients of the various species in gas or liquid mixtures are reported in
Appendix A (Table A.2) for completeness. The remaining thermo-physical and transport
parameters are obtained by interfacing gPROMS with the property packages ‘Advanced Peng
Robinson’, and ‘UNIQUAC-RK’ for the gas and liquid phases, respectively.
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4.3.4.1 Prediction of Light Hydrocarbon Solubility in Amine Solvent

The solubility of methane, ethane and propane in water and in aqueous amine solutions of 50
wt% MDEA were gathered from the solubility charts by Carroll et al. (1998). These charts
were derived from a combination of thermodynamic modeling (i.e. Peng-Robinson Equation

of State and Henry’s Law) and experimental data.

The following polynomial regression model for Henry’s constant for light hydrocarbon in
amine solvent, H;) i € {CH,, C;Hg, C3Hg} was fitted to this data set: for temperature range of
300-345 K and pressure in the range of 48-72 bar. The regression model is developed using

Design-Expert version 11.

Hy) = ag+ a;C + a,T) + azP+ a,CTy + asCP, + agTiP 4.9

where T} [K], P, [Pa], and C [-] are the liquid temperature, liquid pressure and the mass fraction
of MDEA in aqueous amine solvent, respectively. The  coefficients
a to ag for each Henry’s constants and absolute average deviations are given in Table 4.4. A
comparison between the experimental and predicted Henry’s constants is presented in Figure
4.8, showing excellent agreement in terms of deviation with most predictions being between
+5 %. The resulting Henry’s constants surrogates Eq. (4.9) will be used to predict the

hydrocarbon worst-case losses, as proposed in Sec. 4.2.2.

Table 4.4: Coefficients for H;;, and absolute average deviations

Hi, Hcu, 1 He, 1 He,ng)
[m3 Pa mol'l] [m3 Pa mol'l] [m® Pa mol'l]
a —2.90 x 10° —5.97 x 10° -1.67 x 10°
ay 3.56 x 10° 8.12 x 10° 9.50 x 10°
a, 1.26 x 103 2.01 x 103 7.34 x 102
as 2.40 x 1072 5.63 x 1072 1.40 x 1071
a, —1.42 x 103 —2.72 x 103 —3.44 x 103
as 441 %1073 —1.95x 1072 —8.89 x 1072
ag —7.43 x 1075 -1.16 x 10™* —1.96 x 10~*
AAD (%) 1.8 1.5 3.0
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Figure 4.8: Predicted Henry’s constant using Eq. (4.9) against the experimental data in water

(blue points) and 50 wt% aqueous MDEA (orange points) from Carroll et al. (1998). A: Hcy, 1
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4.3.4.2 Prediction of Henry’s constant in semi-lean amine solvent

To account for the effect of CO» loading in amine solution, a regression model is developed

based on empirical data of N>O solubility in aqueous solution 50wt% of MDEA for CO;

loading and temperature in the range of 0-0.5 mol mol™! and 295-353 K, respectively (Park and

Sandall, 2001). Here, the effect of pressure on Henry’s constant is neglected, and assume that

PZ behaves like MDEA.The regressed Henry’s constant for N>O is given by:
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Hy,01 = —3.30 x 10* —3.79 x 10*f  +1.70 x 10°T; —4.37 x 103(f" )? —1.34 X

0yl €Oyl

1071732 4+ 1.45 x 102 f» T, (4.10)

€Oyl

where fiC“021 and Tj are inlet CO; loading in amine and liquid temperature, respectively.

The comparison in Figure 4.9A between the experimental and the predicted Hy,o; based on
the surrogate in Eq. (4.10) shows good agreement. It can be seen in Figure 4.9B that Eq. (3.37),
developed for lean-amine solvent, predicts lower Hy,o; compared to Eq. (4.10) for all CO;
loadings. A higher value of Hy,o results in a higher Hco,, based on Eq. (3.34), and in turn a
lower COz solubility in the solvent. In addition, the gradient increase of Hy, 0 using Eq. (3.37)

is higher compared to Eq. (4.10), which confirms the adverse effect of a higher CO; loading
on the CO> absorption flux.
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Figure 4.9: A: Comparison of the experimental data of Hy,o against the surrogate
predictions by Eq. (4.10); B : Predicted Hy, 0, at various CO> loading using Eq. (3.37) for
lean amine and Eq. (4.10) for semi-lean amine.
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4.4 Experimental Model Verification and Analysis

4.4.1 Lab-Scale MBC Module

A comparison between measured and predicted CO2 absorption fluxes, ® [mol m?s™'] is
presented in Figure 4.10A-C using the Henry’s constant in Eq. (4.10) that was regressed in
both lean and semi-lean solvent. A comparison is also made with the predictions using Eq.
(3.37). The experimental data are for different CO> loadings in solvent (0.01-0.24 mol mol™)
and different gas and amine flow rates (see Table 4.2). It can be seen that model predictions
using Eq. (4.10) are in close agreement with the experimental CO: fluxes. Predictions using
Eq. (3.37) are found to be in relatively good agreement with the measurements still, albeit
showing larger and more systematic errors of up to 10% overestimation, particularly at higher
CO: loading experiments. This systematic offsets between predictions and measurements is
due to Eq. (3.37) only accounting for lean amine, thereby overestimating the CO; solubility in
the semi-lean solvent. Although Eq. (4.10) predicted higher value of Hy,o; by approximately
25% for the lean amine (Figure 4.9B), the effect on the CO; absorption flux is not as significant
compared to higher CO; loading cases as shown in Figure 4.10A. A possible explanation is
that the diffusive mass transfer in the lean amine solution dominates over the CO; dissolution

at the gas-liquid interface.

The MBC model correctly predicts that a larger CO2 loading in the solvent feed decreases the
CO; absorption flux (Figure 4.10A). An increase in liquid CO> loading essentially results in a
decrease in free amine available to react with CO2. And, from a thermodynamics viewpoint,
the solubility of COz> in the liquid decreases with an increase in the liquid CO: loading due to
higher value of Hy,o,, thus higher Hco,, based on Eq. (3.34) (see Figure 4.9B). The model

predicts an average wetting in the range between 2 to 6% as the CO; loading varies. In
particular, an increase in CO; loading increases membrane wetting due to the reduction in
liquid surface tension, as per Young-Laplace equation (see Chapter 3, Sec 3.2.1), thereby

causing a reduction of the CO; flux through the membrane.

The model also correctly predicts the increase in COz absorption flux with a larger inlet gas
flowrate (Figure 4.10B), driven by a larger amount of CO: in the gas feed. Note that, since the
pressure drops in the tubes is negligible, increasing the inlet gas flowrate has minimal effect

on the wetting ratio (a mere increase of 0.2% wetting here).
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Figure 4.10: Predicted CO> absorption fluxes against experimental data in lab-scale (A-C) and
pilot-scale (D-E) MBC, together with predicted membrane wetting. A: effect of f¢g, | for fixed

Mé“ =3kgh'!, F"=10 L h"' and yicnoz,g =20 mol% ; B: effect of Mé“ for a fixed F" =10 L h!
fci?)z,l = 0.22 mol mol™* and yicnoz,g = 24 mol%; C: effect of F" for a fixed Mg‘ =2 kgh',
f(i;%z,l =0.2 mol mol™" and ygloz,g =24 mol%; D: effect offé%z’l for fixed Mg‘ =75kgh’, Fn=
275 Lh'and ygloz’g = 5 mol%; E: effect of yicnoz,g for a fixed fé%z,l of 0.01 mol mol ™", M;;‘ =
50-75 kg h™!, F/"=180-275 L h™",
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The model correctly captures the improvement in CO absorption flux on increasing the solvent
flowrate (Figure 4.10C), with a corresponding small decrease in the membrane wetting. An
increase of liquid flowrate leads to a higher pressure drop, transmembrane pressure and
membrane wetting, similar to the phenomena explained in Chapter 3 (Sec 3.4.2). But at higher
liquid flowrate, the temperature increase in the solvent due to a higher CO» absorption is lower,
which results in a relatively higher liquid surface tension, and therefore a lower membrane
wetting. On balance, the model correctly predicts that the effect of a higher pressure drop on
membrane wetting is small in comparison with the increase in liquid surface tension. The effect
of a larger concentration gradient due to an increase in velocity also contributes to increasing

the overall CO; absorption.

It can be seen from Figure 4.11 the predicted solvent temperature profile along the fiber length
is in excellent agreement with the measured solvent temperature, which provides a first
validation of the assumption made in the energy balance (Sec. 4.2.4). In this experiment, it
appears that there is no significant temperature bulge in the MBC module. The model can be
used to identify potential temperature bulge along the MBC length at different operating
conditions. Notice also that the temperature rise (ca. 20 K) is significant compared to the lab-
scale (ca. 3-4 K) in Sec. 3.4.3, where the L/G ratio (ca. 0.86 m® kmol™') was four-time lower in
order to be comparable to values of 0.6 — 1.1 m® kmol™! typically encountered in conventional

packed column (Park et al., 2004; Rezazadeh et al., 2016; Gaspar et al., 2017).
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The predicted cumulative CO; absorption flux in Figure 4.11 is 0 at the gas inlet (z=2.3 m) and
increases along the fiber axis. The CO» absorption flux presents a slow decrease from the gas
inlet to the gas outlet (concave shape), which is expected since the higher CO2 concentration
near the gas inlet enhances the mass transfer of CO> through the membrane. Likewise, the
temperature rise is higher near the gas inlet (convex shape) due to more heat released being

released from the CO; absorption in amine solvent.

4.4.2 Pilot-Scale MBC Module

4.4.2.1 Model verification of CO: absorption fluxes with experimental
data

A similar comparison between measured and predicted CO» absorption fluxes in the pilot-scale
MBC module is presented in Figure 4.10D-E. The experimental data are for different CO>
loadings in solvent (0.01-0.23 mol mol!) and different gas and amine flow rates (see
Table 4.2). The model predictions using Eq. (4.10) to predict CO; solubility are in close
agreement with the CO» absorption fluxes in Figure 4.10D, while the predictions using Eq.
(3.37) result in a similar 10% overestimation at higher CO> loading experiments, due to

neglecting the effect of CO; loading in amine solvent as already discussed in Sec. 4.4.1.

Consistent with lab-scale results, the MBC model correctly predicts that a larger CO liquid
loading reduces the CO, absorption flux (Figure 4.10D) due to a decrease in free amine
available to react with CO2. And, an increase in the CO- liquid loading decreases the solubility
of COz in the liquid (Figure 4.9B) and the liquid surface tension, thereby causing extra wetting

and therefore a reduction in the CO; flux through the membrane.

Experimental data corresponding to different CO; inlet concentration in NG mixture and a lean
amine are considered in Figure 4.10E. The model correctly captures again the improvement in
CO; absorption flux on the increasing CO inlet concentration. This improvement is driven by
the higher CO> concentration gradient which increases mass transfer in MBC. The model also
predicts a negligible membrane wetting due to the horizontal orientation (see Sec 3.5.2) and
operation with a lean amine. By comparing the first experiment point on Figure 4.10D to the
third point in Figure 3.8A, which correspond to the same inlet CO; concentration, gas and
liquid flowrates, it is seen that the CO; absorption flux has improved by nearly 80% and the
membrane wetting has reduced to less than 1% by using the new HFM module in horizontal

orientation compared to HFM vertical module of Chapter 3.
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4.4.2.2 Estimation of hydrocarbon lost in high-pressure MBC for NG
sweetening
A comparison between the predicted and measured molar flowrates of light hydrocarbons in

the flashed gas is presented in Figure 4.12, at different solvent flowrates. It can be seen that the
all of the predicted molar flows for methane and ethane are within 15% of the measurements.
This validates the assumption that the solvent is about saturated with hydrocarbons at the MBC
outlet (Sec. 4.2.2). On the other hand, the predicted molar flows of propane underestimate the
measurements by a factor of 2 to 3, which could be due to these flowrates are relatively small,

therefore are susceptible to experimental error.

On the other hand, the model correctly captures the increase in HC absorption on increasing
the solvent flowrate against experimental data, as shown in Eq. (4.2). The increase in HC
absorption is attributed to a higher concentration gradient in the solvent, which improves mass
transfer. Model further predicted that the methane losses are an order of magnitude higher than
ethane and higher hydrocarbon losses as shown in Figure 4.12. This was expected as the feed
gas to the pilot plant contains 85 mol% of methane, and that methane has a higher solubility of
in amine than ethane and higher hydrocarbons (Figure 4.8). Overall, the predictions provide
the correct order of magnitude for the HC loss with small loss rates of ca. 1% for the
experimented solvent flowrates. Therefore, similar modelling approach will be used in a

techno-economic assessment (see Sec. 5.6 in Chapter 5).
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Figure 4.12: Predicted light hydrocarbon molar flowrates in flashed gas against experimental
data from pilot plant for different solvent flowrates. The gas inlet flowrate, CO> inlet content

and solvent inlet CO; loading were, respectively 75 kg h™', 5 mol% and 0.01 mol mol™".
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4.4.2.3 [Estimation of solvent evaporation rate in high-pressure MBC for

NG sweetening.

The model predicts that water is predominantly evaporated while the evaporation rates of
MDEA and PZ to the treated gas are negligible (left plot in Figure 4.13). This is attributed to
the vapor pressures of MDEA and PZ being much lower compared to that of water in the

temperature of 293-353 K (right plot in Figure 4.13) as well as their concentrations.

The low solvent evaporation rate is due to the fact that at higher operating pressure (54 bar),

the molar fraction yPut

ig of solvent in the treated gas outlet, is 50 times smaller compared to

atmospheric pressure (Eq. 4.3). For an MBC operating at atmospheric pressure, such as in post-
combustion CO; capture, one can expect much higher solvent evaporation losses, hence the
need to model solvent evaporation in a more detailed manner. For a high-pressure MBC used
in NG sweetening, the assumptions of using Raoult’s Law (Sec. 4.2.3) by means of overall

mass balance (lumped) are justified since the evaporation rate is low.

2. Stream flowrates water —8— MDEA —&— PZ
Variable Value at time 0.00000 Units 1 02 T T T
Mass flowrate 0.0181556kg/s 1]
Molar flowrate 3.65714kmol/h 1
Volumetric flowrate Data not available|m?/s _ 10 ¢
Component mass flowrate("H20") 1.69693E-05kg/s g“_’ i
Component mass flowrate("MDEA") 5.26213E-09kg/s :_C‘—' 1 00 L 4
Component mass flowrate("PZ") 2.30352E-07 kg/s %
Component mass flowrate("C02") 4.33188E-05|ka/s -
Compaonent mass flowrate("methane”) 0.0146604 kg/s é
Component mass flowrate("ethane”) 0.00209891 |ka/s %
Component mass flowrate("prapane”) 0.00133579 kg/s é—
Component molar flowrate("H20") 0.00339104|kmol/h 8_
Compaonent molar flowrate("MDEA") 1.58977E-07 kmal/h g
Component molar flowrate("PZ") 9.62743E-06/kmol/h
Component molar flowrate("C02") 0.00354346(kmol/h
Component molar flowrate("methane”) 3.28985/kmol/h 1 0_4 ‘ ‘ ‘ ‘ ‘
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Component molar flowrate("propane”) 0.109055[kmol/h solvent temperature, TI [K]

Figure 4.13 Left: Predicted component flowrates of the treated gas from MBC for a CO»

loading, gas and solvent flowrates of 0.01 mol mol ™2, 75 kg h! and 275 L h'!, respectively;
Right: Vapour pressure of water, MDEA, and PZ between 293 - 353 K.

The model predicts that about 0.03 wt% of the solvent flowrate fed to the MBC is lost by

evaporation in the pilot plant. The corresponding energy consumed by this solvent evaporation
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in the MBC is less than 1 % of the heat generated by the CO; absorption. This confirms that
solvent evaporation has a minimal impact on the solvent temperature at high pressure and
validates the approximation of accounting for solvent evaporation at the liquid inlet in the MBC
energy balance (see Sec. 4.2.4). Overall, the ability to predict the solvent evaporation rate and
its composition will enable quantifying the amount of solvent make-up required and will feed

into the process-wide assessment of MBC for NG sweetening in Chapter 5.

4.5 Conclusions

This chapter has refined the MBC model by including a description of solvent losses from
evaporation and hydrocarbon absorption into the amine solvent, for lean and semi-lean
operating conditions. An energy balance has also been added to the model, which enables
predicting the temperature profile in the MBC by accounting for the CO; absorption heat of
reaction and heat losses from solvent evaporation. An experimental verification of the model
has been conducted using both lab-scale and pilot-scale MBC modules, using a new membrane
fiber compared to Chapter 3 which significantly increases the specific membrane area. A close
agreement of the model predictions with measured CO; absorption fluxes has been observed
at various CO; loadings in solvent, various gas and liquid flowrates, and various CO> inlet

concentration.

The predicted molar flowrates of light hydrocarbons against the measured flowrates in the
flashed gas from the rich amine drum verified the assumption that the solvent is about saturated
with hydrocarbons at the MBC outlet. Therefore, this prediction can help to determine the
amount of HC that can be recovered in the downstream flash drum to minimize product loss in
a process-wide plant. The model also predicts that water is predominantly evaporated, while
the MDEA and PZ evaporation rates to the treated gas are negligible due to the vapor pressure
of MDEA and PZ being much lower compared to water in the temperature range of interest.
Only a small amount of solvent is evaporated compared to the total solvent flowrate in the
pilot-scale MBC, and therefore solvent evaporation has a minimal impact on the solvent outlet
temperature. This prediction was confirmed by the close agreement between predicted and
measured temperature profile in the lab-scale MBC. Overall, the ability to predict the solvent
evaporation rate and its composition will enable quantifying the amount of solvent make-up

required in a full-scale MBC process.
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Moving forward, the MBC model (i.e,. absorption section) can now be integrated with the
solvent regeneration unit (i.e., desorption section) for the development of a full-scale MBC
based NG sweetening process model in Chapter 5. This integration will make it possible to
analyze the effects of different conceptual designs, including various absorption/desorption
design configurations and operational decisions for process scale-up and process-wide

economic assessment.
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Chapter 5 Process-wide modeling and assessment of
natural gas sweetening using high-pressure membrane
contactors

5.1 Introduction

Through Chapters 3 and 4, a mathematical model of high-pressure MBC has been formulated
and verified experimentally, which is capable of quantitative predictions of both CO> and
hydrocarbon absorptions in the amine solvent and solvent evaporation losses to the treated gas.
The main objective of this chapter is an integration of this MBC model into a complete process
model describing both CO> absorption and desorption operations, and then conducting a

model-based assessment of a full-scale MBC process for NG sweetening.

Most modeling studies in the literature focus on the mathematical modelling of a standalone
MBC for CO; capture operating at or near atmospheric pressure (Al-Marzougqi et al. 2008;
Rezakazemi et al. 2011; Hoff and Svendsen 2014) or at high pressure (Faiz and Al-Marzouqi
2010; Quek et al. 2018). Even though the effectiveness of MBC for CO> removal has been
widely studied over the past few decades, a detailed assessment of this technology in an

industrially relevant context, and in particular for NG sweetening, is still lacking.

The absorption column in a conventional NG sweetening process can be readily replaced by
an MBC unit, as depicted in Figure 5.1. This process comprises two operations — absorption
and desorption (a.k.a solvent regeneration). In the absorption process, the (lean or semi-lean)
chemical solvent, most commonly alkanolamines, flows counter-currently with the gas in the
MBC, and selectively reacts with the acid gasses (CO2 and H»S) from the gas phase. For bulk
COs2 removal, the CO» purity target is typically sales gas specification with a CO; content lower
than 2 mol% (TransCanada, 2016) or 6-8 mol% when the CO. content at the feed gas is higher
than 20 mol%. For deep CO> removal applications in liquefied natural gas (LNG) plants and
ammonia plants, the CO; specifications are <50 ppmv and < 100 ppmv, respectively, to avoid
freezing in low-temperature chillers (liquefaction process) and catalyst poisoning (Boucif et

al., 2012; Hoft, 2003).
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Figure 5.1: Simplified absorption/desorption cycle showing how MBC may replace the
packed column. Adapted from: Gas Processors Suppliers Association (2004).

The terms lean and semi-lean refer to the fraction of acid gasses present in the amine solvent.
In the context of CO> capture, “lean” solvent refers to an inlet solvent stream containing little
or no CO; (i.e., COz loading ca. 0.01 mol mol!), while “semi-lean” indicates that the amine
contains some CO: (i.e., CO; loading ca. 0.2 mol mol ™). The solvent stream coming out of the
MBC is termed “rich”, and it needs to undergo regeneration, which consists of a combination

of flash stages and a gas-liquid contacting column.

In Figure 5.1, the rich amine solvent from the MBC outlet is first directed to a lower pressure
flash drum to recover the flashed HC as fuel gas. The liquid outlet stream from the flash drum
is then fed to the regeneration column, where it is heated by the reboiler to a suitable
temperature to strip off CO: from the rich solvent before recycling the lean solvent to the MBC
unit. On the other hand, the overhead condenser provides a reflux liquid stream to the column
to ensure that the top-product stream (a.k.a acid gas stream) is as pure as possible. Finally,
solvent make-up feeds into the amine tank to replenish the solvent evaporated in the MBC,
flash drum, and regeneration column. The solvent regeneration process is operated at low
pressure to recover the light HC and to lower the solvent boiling point in order to reduce energy

consumption. A lower boiling point is also advantageous to keep the solvent below its
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degradation temperature. Typically, the reboiler of the solvent regeneration process is the

largest contributor to the operating cost (MacDowell et al., 2010; Cormos et al., 2015).

Some key performance indicators (KPIs) for the NG sweetening process are: (a) the CO2 purity
in the product gas; (b) the energy per ton CO> removed; (c) the amount of HC loss or recovered
as fuel gas; and (d) the amount of solvent loss per treated gas and makeup required. PakSiova
et al. (2016) modeled a simple MBC operating at atmospheric pressure for both the absorption
and desorption of CO», assuming non-wetted operation. Their model described the counter-
current flow of CO2/CH4 gas mixture and MEA as absorbent and was used to simulate the
effects of different liquid and gaseous flow rates on the process performance. To the best of
knowledge, there is no published literature on MBC integrated within a NG sweetening
process, that would consider the KPIs (a) — (d) all together.

A key contribution of this chapter is the development of an MBC-based NG sweetening
process, which integrates the MBC model (absorption section) from Chapters 3 and 4 with the
model of a conventional solvent regenerator (desorption section). The main objective is to use
this integrated model to predict the CO2 removal performance and the energy duty for each
equipment under various scenarios, including lean and semi-lean process operation. The
amount and the composition of light hydrocarbons (HC) recovered in the flash drum at various
pressures can be quantified. In addition, the evaporative solvent losses in the MBC and solvent
regeneration sections can be predicted, so that the solvent makeup required to maintain the
solvent concentration in the process can be quantified and costed. Similar to previous chapters,
the predictive capability of the integrated model in terms of CO> removal performance and
energy consumptions will be tested against data from a pilot-scale MBC module operated at
variable CO2 loading in the amine solvent, at a NG processing plant in Malaysia. All of the
experiments were conducted with aqueous mixtures of MDEA and piperazine (PZ) as the

chemical solvent.

The rest of this chapter is organized as follows. The experimental set-ups of the pilot-scale
MBC based NG sweetening process, and the corresponding model parameters are presented in
Sec. 5.2, followed by a description of the development and implementation of the MBC
process-wide model in Sec. 5.3. Results of the experimental verification of the process-wide
model are presented and discussed in Sec. 5.4. Then, a model-based analysis is conducted in

Sec. 5.5, to investigate the effect of (i) optimized lean and semi-lean MBC operations on energy
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duty, (i1) different operating pressures on HC recovery in the rich solution flash drum, and (iii)
different inlet solvent temperatures on the evaporative solvent losses. A model-based design
and scale-up of a commercial-scale MBC is conducted in Sec. 5.6 for a semi-lean MBC process
operating under industrially relevant conditions for NG sweetening and its intensification

potential is assessed. Finally, Sec. 5.7 concludes the chapter.

5.2 Material and Methods

5.2.1 Pilot-Scale MBC Setup

Experiments were conducted in pilot-scale module operated under industrially relevant
operating conditions at 54 bar in a NG processing plant in Malaysia. Aqueous mixtures of
methyl diethanolamine (MDEA) and piperazine (PZ) were used as the chemical solvent. This
experimental setup is identical to the pilot-scale description in Sec. 4.3.1 (see also Sec. 3.3.1),
and is depicted in Figure 4.4. The corresponding operating conditions for the absorption and
desorption system are summarized in Table 5.1. The flows and compositions of the gas at the
MBC inlet and outlet, of the regenerated solvent, and of the flash gas were measured and
averaged hourly for comparison with model predictions. The energy consumption of all the
units which was powered by electricity was monitored. The piece of equipment considered for
the total energy consumption or known as process duty, Pp [kKW] are the (i) reboiler, (ii)
overhead condenser, (iii) reflux pump, (iv) LP amine pump (v) lean solution cooler (vi) HP

amine pump, and (vii) amine chiller.

5.2.2 Module Specification

The high-pressure MBC module was packed with hydrophobic, Polytetrafluoroethylene
(PTFE) hollow fiber, which is identical to the module used in Chapter 4 (see Sec. 4.3.2, Table
4.3). The solvent regenerator was packed with Raschig Super-Ring #1 material. Table 5.2
summarizes the main characteristics and geometrical properties of both the MBC and solvent

regeneration units.
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Table 5.1: Operating conditions in the pilot plant.

Parameters Natural Gas
MBC (Absorption)
CO; inlet, ygloz,g [mol%)] 5
CHa, C2Hs, C3Hs inlet, [mol%] 85/7/3
MDEA/PZ inlet, [wt%] 39/5
Inlet gas pressure, Pgin [kPal] 5400
Outlet liquid pressure, P°" [kPa] 5430
Gas mass flowrate, Mén [kg h'l] 75
Liquid volumetric flowrate, F; [L h'l] 275
Gas temperature, Tgin [K] 301-308
Liquid temperature, T, [K] 308-313
CO; loading in solvent, £, | [mol mol™"] 0.01-0.24
Solvent Regeneration (Desorption)
Rich solution drum pressure, [kPa] 911
Solvent regenerator pressure, [kPa] 258
Reboiler temperature, [K] 403
Overhead condenser — Outlet [K] 333
Reflux pump pressure — Outlet [kPa] 258

Lean-rich exchanger

Cold stream — Inlet / Outlet [K] / [kPa]
Hot stream — Inlet/ Outlet [K] / [kPa]

LP amine pump pressure — Outlet [kPa]

Lean solution cooler — Outlet [K]

— Pressure drop [kPa]

Amine HP pump pressure — Outlet [kPa]
Amine chiller — Outlet, [K]

— Pressure drop [kPa]

352/371/368
382/ 364 /233
711
318
35
5460
308
30
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Table 5.2: Specifications of the MBC and solvent regeneration units.

Parameter Value Source
MBC (Absorption)

Fiber length, L [m] 2.3 (PRSB, 2016)
Fiber inner radius, r; [um] 225 (PRSB, 2016)
Fiber outer radius, r; [um] 550 (PRSB, 2016)
Membrane porosity, € [—] 0.41 (PRSB, 2016)
Membrane tortuosity, T [—] 6.1 Sec. 4.3.2
Max. pore radius, 6, [um] 0.18 (PRSB, 2016)
Mean pore radius, § [um] 0.06 Sec. 4.3.2
Pore standard deviation, o [—] 0.24 Sec. 4.3.2
Contact angle , 6 [°] 92.4 (PRSB, 2016)
Packing density, @ [—] 0.38 Sec. 4.3.3
Module inner radius, R, [m] 0.115 (PRSB, 2016)
Membrane area, A, [m?] 68 Sec.4.3.3
No of fibers, N [—] 8400 (PRSB, 2016)
Specific surface area [m™1] 1600 (PRSB, 2016)
Outer radius of steel tube, R; [m] 0.08 Sec. 4.3.3

Conventional Solvent Regenerator (Desorption)

Packing size, [m] 0.025 (Honeywell UOP, 2014)
Packing height / diameter, [m] 6.1/0.3 (Honeywell UOP, 2014)
Surface area, [m?/m3] 150 (Honeywell UOP, 2014)
Void fraction, [—] 0.98 (Honeywell UOP, 2014)
Loading point constant, Cs [—] 3.491 (Billet and Schultes, 1999)
Flooding point constant, Crr [—] 22 (Billet and Schultes, 1999)
Hydraulic constant, Cp [—] 0.75 (Billet and Schultes, 1999)
Total particles constant, Cpo [—] 0.5 (Billet and Schultes, 1999)
Liquid constant, Cr [—] 1.29 (Billet and Schultes, 1999)
Vapor constant, Cy [—] 0.44 (Billet and Schultes, 1999)
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5.3 Modeling of MBC-based process for NG sweetening

This section describes the modeling of the regeneration unit operations in the MBC process,
namely the flash drum, heat exchangers, pumps, and stripping column based on the MBC pilot-
plant set up as described in Sec. 3.3.1. Their integration with the MBC unit model developed
in Chapter 3 and 4 was conducted in the gPROMS ProcessBuilder environment. The MBC
model was compiled into a gML-compliant model library, with the user interface shown in
Figure 5.2. This library was then integrated to ProcessBuilder’s standard unit operation library
in order to build the MBC process flowsheet that is shown in Figure 5.3. The following
subsections provide an overview of the specifications in the regeneration unit operations (see

Table 5.1) as well as some numerical solution details.

Gas inlet 2.0| kg/hr total mass in (ka/s){1) 0.003328 |-
Liq outlet 11| kg/hr me total mass out (kais)(1) 0.003328 ||
meol frac CO2 in 0.239000| - gas mass in (kgis)("Mass flowrate”,1) 0.0005500 |-
mol frac CO2 out 0.06128| - gas mass out (kg/s)("Mass flowrate”,1) 0.0004015 |-
CO2 removal % 79_51|% liq mass in (kg/s)("Mass flowrate”,1) 0.002778 |-
CO02_loading_LA_calc 0.2252| kmol_CO2ikmol_amine I Er lig mass out (kg/s)("Mass flowrate”,1) 0.002926]-
CO02_loading RA 0.5475| kmol_CO2/kmol_amine

Lig_to_C02_absorbed 103. 8| galllbmole

average_wet_ratio 0.0472|-

ave_absorption_flux_CO2| 0.00158296 molim2s EELE

Lig temp_inlet 311K

Liq temp_outlet 330| K

delta_T_liq 19.8/K

Lig_inlet

Figure 5.2: gML-compliant MBC unit operation model in gPROMS ProcessBuilder.

5.3.1 Modeling of rich solution flash drum

The rich amine from the MBC shell outlet passes through a pressure expander before entering
the rich solution drum. The outlet pressure of the expander is set to the rich solution flash drum
pressure of 911 kPa (Table 5.1). The rich solution drum itself is modelled as a two-phase
(liquid-vapor) flash vessel, described by mass and energy balances, and thermodynamic
equilibria (PSE, 2018), which predicts the flowrates, compositions, temperatures and pressures
of the liquid and vapor outlet streams from the rich solution drum. And the presence of multiple

liquid phase is accounted for in the model.
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Figure 5.3: MBC based NG sweetening process flowsheet in gPROMS ProcessBuilder



5.3.2 Modeling of heat exchangers

Heat exchangers in the process model include a lean-rich heat exchanger, lean solution cooler,
amine chiller, overhead condenser, and reboiler. The lean-rich heat exchanger, which transfers
heat from the regenerated amine (hot stream) to the rich amine (cold stream), is modeled as a
counter current flow heat exchanger. The cold stream outlet temperature and pressures of both
outlet streams are specified in Table 5.1. The lean solution cooler and amine chiller, which
reduce the amine temperature to 318 K and 303 K, respectively (Table 5.1) after its
regeneration, are modelled with standard cooler The overhead condenser and reflux drum are
modeled as a standard separator, with outlet temperature set to 333 K, in order for the fluid to
separate into two phases. The reboiler is described by an evaporator kettle model, where the
thermal specification is set at 403 K (Table 5.1). The heat exchanger models predict the process

duty required to meet the thermal specifications.

5.3.3 Modeling of pumps

Pumps in the process model include the amine HP pump, amine LP pump, and the reflux pump.
All of these pumps are assumed to have mechanical and isentropic efficiencies of 85%. The
fluid outlet temperatures are furthermore calculated by defining the fluid compression relative
to an ideal compression process, using an ideal efficiency (PSE, 2018). The outlet pressures
for the pumps are specified as per Table 5.1. The pump models predict the required process

duty required based on the outlet pressure specifications and efficiencies.

5.3.4 Modeling of the solvent regeneration column

For the solvent regenerator, the rate-based model from gPROMS’s Advanced Model Library
(PSE, 2018) for Gas-Liquid Contactor (AML: GLC) is used. The exchange of mass and heat
between the bulk gas and liquid phases is described via gas and liquid films, separated by an

infinitesimally thin interface where the phases are at equilibrium.

The Raschig Super Ring #1 packing characteristics (Table 5.2) are used by the model. The
built-in correlations in AML: GLC are used to calculate the performance of packing.
Specifically, the Onda correlations for mass transfer with random packing are used to predict

the mass transfer coefficients and the interfacial area; and the Billet holdup correlation is used



to calculate the liquid holdup in the regenerator. It should be noted that the pressure drop in the

column is neglected here.

The solvent regenerator model is coupled with the reboiler and condenser, which were
described in Sec 5.3.2. The complete column model predicts the flow rate, composition

temperature and pressure of the outlet gas and lean solvent streams.

5.3.5 Modeling of the solvent make-up

The solvent make-up stream maintains the desired solvent flowrate and concentration in the
MBC system. In gPROMS ProcessBuilder, three “Adjust” elements are used to set the solvent
flowrate to MBC, MDEA mass fraction and PZ mass fraction to 275 L h™', 39 wt% and 5 wt%,
respectively (Table 5.1). These three elements feed into a mixer immediately before the MBC

unit.

5.3.6 Thermo-Physical, Transport, and Reaction Kinetic Data

Temperature-dependent expressions for the macroscopic reaction rates of CO2 with MDEA
and PZ, and the diffusivity coefficients of the various species in the gas and liquid mixtures
used in the MBC model are reported in Appendix A, while Henry’s constants for CO; in the
amine solution was taken as in Sect 4.3.4.2. In order to reduce the computational burden, simple
polynomial surrogates are derived in the temperature range of 300-400 K for the diffusivity

coefficient Dco, 1, Dvpea, and Dpz; (Egs. A.6 — AL 11).

Other thermo-physical and transport parameters were obtained by interfacing gPROMS with
the property packages Advanced Peng Robinson, UNIQUAC-RK and RSKA for the gas and

liquid phases in the absorption and regeneration unit from Multiflash v6.1, respectively.

5.3.7 Numerical Simulation

As previously described in Chapters 3 and 4, a second-order centered finite difference scheme
was used to discretize the partial differential equations of the MBC model, after a rescaling of
the radial dimension for the membrane dry and wet spatial subdomains to be rectangular as

outlined in Appendix B (Table B.1). A coarser uniform mesh grid consisting of 35 elements
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was chosen to perform the simulations herein, which provides solutions within <1% of finer
discretizations, while reducing the computational burden. For the solvent regenerator, a first-
order finite difference method for the bulk liquid and vapor consisting of 20 elements was used.
With these discretizations, a steady-state simulation takes about 10 minutes to converge on a
desktop computer running Windows 7 with Intel® CoreTM 17-4790 CPU at 3.60GHz and
32GB of RAM in gPROMS ProcessBuilder v1.3.1.

5.4 Experimental Model Verification

A comparison of the predicted CO» removal performance of the MBC, CO; loadings in amine
and total process duty against measurements from the pilot plant are presented in Figure 5.4.
The experimental data are for different CO2 loadings in the solvent, at constant gas and liquid
flowrates of 75 kg h'! and 275 L h'!, respectively. Overall, the predictions are found to be in
good agreement with the measurements, showing errors lower than 5% for the CO» absorption
fluxes, CO; removal efficiencies, CO2 loadings and total process duty. Notice that an error of
ca. 15% can be seen in the second experiment point in Figure 5.4 (left axis) when compared
against the predicted CO; outlet purity. The low level of CO2 outlet purity (0.73 mol%) is
susceptible to large error even there is a small variation in the predicted CO» outlet purity (0.85
mol%). Nevertheless, when compared in terms of CO> absorption flux and removal efficiency,

the predictions and measurement is found to be within 5%.

The MBC model correctly predicts that a larger CO- liquid loading will reduce the CO2 removal
efficiencies, which in turn will decrease the CO> outlet purity (Figure 5.4A). As discussed in
Chapter 4 previously, an increase in the liquid CO2 loading leads to a decrease in the CO-
solubility and absorption capacity of solvent due to a reduction in free amine. The process-
wide model also correctly predicts the reduction in heating and cooling duties with a higher
CO2 loading in the solvent (Figure 5.4B). In particular, the reboiler of the regeneration column
can be operated at a lower temperature under semi-lean operation (Figure 5.4D), which reduces
the energy needed for the solvent regeneration. Alie (2004) and Xu et al. (2016) also found that
the reboiler duty is significantly reduced by increasing the solvent CO; loading up to 0.23 and
0.27 mol mol™!, respectively. Notice that the increase in regeneration temperature decreases the
COz inlet loading (Figure 5.4D) to the MBC, which in turn improves the CO» absorption flux
(Figure 5.4C). Also, notice that the difference between the inlet and outlet CO; loading is larger
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for lean amine condition (fé?)z,l =0.01) compared to semi-lean operation (fcinoz’l =0.23) as the

CO; removal efficiency (ca. 99.9%) is higher compared to semi-lean operation (ca. 80%) as

depicted in Figure 5.4D and 5.4A.
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Figure 5.4: Predicted CO2 removal performance of the MBC, CO> loadings in amine and total
process duty against experimental measurements at constant gas and solvent flowrates of 75
kg h'! and 275 L h'!, respectively A: Predicted CO> purity at the MBC gas outlet and CO:
removal efficiencies at various CO; loadings in the solvent; B: Predicted total process duty at
various CO; loadings in the solvent; C: Predicted CO» absorption fluxes at various solvent
regeneration temperatures; D: Predicted CO> loadings at various solvent regeneration

temperatures.

In order to achieve deep CO; removal, for example to meet the LNG specification of < 50

ppmv of CO», the process model indicates that a lean solvent is necessary (COz loading = 0.01

mol mol™!). On the other hand, a semi-lean solvent (CO2 loading ca. 0.23 mol mol™!) operation
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appears to be sufficient to meet the typical sales gas specification of <1.5 mol% CO-. In this
particular experiment, the semi-lean operation consumes ca. 80% less energy compared to lean
operation. Further model-based analysis and design of NG sweetening using an MBC process

are conducted in the following sections.

5.5 Model-Based Analysis of pilot-scale MBC

In this section, the process-wide model was developed for the MBC pilot plant in order to
analyse: (i) the process duty for an optimized MBC lean and semi-lean amine process; (ii) the
optimum pressure at the rich solution flash drum for maximum fuel gas recovery; and (iii) the

amount and concentration of solvent make-up.

5.5.1 Optimal solvent flowrate for lean and semi-lean operations

The experimental model verification in Sec. 5.4 has shown that both lean and semi-lean
operations are capable of CO; purities down to the sales gas specification of <1.5 mol%, with
the semi-lean operation consuming 80% less energy compared to lean operation. However,
these experiments were all conducted with same flowrate of solvent to the MBC and may
therefore correspond to a suboptimal operation. Herein, the minimum liquid flowrate required
is determined to achieve a CO» purity of 1.5 mol% for processing 75 kg h™! of sour natural gas.
The lean amine operation is similar to the flowsheet in Figure 5.3, now without the excess
amine recycle back to the solvent regenerator. Notice that the dimension of the solvent
regenerator remains the same in the pilot plant in order to provide a conservative reboiler
process duty when compared with the semi-lean process. For the semi-lean process, the reboiler
and solvent regeneration column are replaced with a heater and a low pressure flash drum, as
shown in Figure 5.5. All of the pressure and temperature specifications in both flowsheets
remain the same as given in Sec. 5.2 and 5.3, except the reboiler/heater temperature, which is
adjusted to obtain the desired CO> loading in the solvent. The results of this comparison are

reported in Table 5.3.
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The optimized lean operation requires a 34% lower solvent flowrate to the MBC compared to
the optimized semi-lean operation to meet the required CO; purity. This is due to a higher CO»
absorption capacity of the lean solvent, which enhances the CO> removal rate in the MBC.
With a lower solvent flowrate, the model predicts a decrease in the process duties of all the
pumps in comparison to the semi-lean operation. This corresponds to L/G ratio of ca. 0.75 m?
kmol!, which is at the lower end values of 0.6 — 1.1 m® kmol™ typically encountered in

conventional packed column (Park et al., 2004; Rezazadeh et al., 2016; Gaspar et al., 2017).

Table 5.3: Optimized operating conditions and process duty of the lean and semi-lean MBC

Parameters Leaq Semi L§an
Operation Operation
MBC (Absorption)
CO; inlet, y&, , [mol%] 5 5
MDEA/PZ inlet, [wt%] 39/5 39/5
Inlet gas pressure, Pgin [kPa] 5400 5400
Outlet liquid pressure, P°" [kPal] 5430 5430
Gas mass flowrate, M kg h™' 75 75
Liquid volumetric flowrate, F;" [L h'l] 109 146
Gas temperature, Tgi,n [K] 297 297
Liquid temperature, T, [K] 303 303
CO; loading in the solvent, £, | [mol mol™"] 0.01 0.24
Solvent Regeneration (Desorption)
Reboiler/Heater temperature, [K] 403 376
Reboiler duty, [kW] 6.92 4.41
Overhead condenser duty, [kKW] 0.51 1.41
Reflux Pump duty, [KW] 5.10E-5 1.45E-4
Lean solution pump duty, [kW] 0.0173 0.022
HP amine pump duty, [kKW] 0.181 0.24
Lean solution cooler duty, [KW] 4.8 2.87
Amine chiller duty, [KW] 1.35 1.8

Total process duty, [KW] 13.7 10.7




However, the total process duty remains 28% higher under lean operation compared to semi-
lean operation, due to the higher reboiler temperature that is required to regenerate the solvent
under lean operation. And a higher temperature of the regenerated solvent also requires a higher
cooling duty in the lean solution cooler too, before returning the solvent to the MBC, despite

the heat integration between the inlet and outlet streams to the regenerator.

Figure 5.6 shows the breakdown of total process duty in terms of the different pieces of
equipment under both lean and semi-lean operations. The reboiler duty is the largest energy
consumer with approximately 40-50% of the overall process duty for both operations, which
is consistent with the findings by MacDowell et al. (2010) and Cormos et al. (2015). The lean
solution cooler and amine chiller come second and third, respectively, with 26-35% and 9-17%
of the total process duty. Based on this analysis, one area of improvement could be to operate
the liquid above 318 K at the MBC absorption section. This operation would eliminate the
requirement of an amine chiller, therefore potentially reducing the footprint and process duty

by a further 9-17% in both operations (see Sec. 5.6).

9.8% )
16.7% T Reboiler
.- ' D Overhead Condenser
41.0%
Pumps
|
|. 34.8% i 50.2% ,| || N\ |  OLean solution cooler
\26.7% \ /O Amine chiller
‘ / ; \\\\ .
‘ \
. .
14%  37% 24% 13.1%

Figure 5.6: Breakdown (%) of the equipment process duty. Left: MBC lean amine operation.
Right: MBC semi-lean amine operation.

Overall, the semi-lean operation presents a higher intensification potential with the reduction
in energy consumption and footprint (i.e., flash tank and heater), and this should translate into

a reduction in capital and operating expenditure compared to the lean operation.
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5.5.2 Optimal flash pressure for fuel gas recovery

Any HC absorbed in the solvent and that is not recovered will end up in the acid gas stream.
This could represent a large product loss and may cause problems elsewhere in the process
(Carroll et al., 1998). This subsection investigates the optimum pressure at which to operate
the rich solution flash drum for maximal flash gas recovery. A key constraint in practice is that
the recovered flash gas should have a high enough lower heating value (LHV) in order to meet
fuel gas specification, i.e., 47.1 MJ kg! (ToolBox, 2003; Hydrogen Tools, 2019). From a
thermodynamic standpoint, operating the rich solution flash drum at a lower pressure will
increase the amount of flash gas, hence increasing fuel gas recovery. However, those species
with a lower vapor pressure, such as CO», will also flash off, and thus reduce the fuel gas LHV.
This, therefore, defines an optimal trade-off in terms of the flash drum pressure.

The total HC recovery from solvent at the rich solution flash drum, denoted by fﬁ&tg [mol

mol '], and the LHV of the recovered flash HC gas, LHV, [MJ kg!] is computed as

INig

t _— 3

filcg = ZN_SIEt : (5.1)
i

LHV, =X y{9LHV; (5.2)
where Nifg [kmol h™'] and yiffg [—] are the molar flowrates and the mass fraction i €
{CH4, C,Hg, C3Hg} in the flash gas from the rich solution drum; and the individual LHV values,

LHV; [MJ kg!] are based on ISO 6976 (ISO, 2016).

Figure 5.7 shows the effect of varying the pressure in the pilot-scale MBC rich solution flash

drum on the predicted HC recovery and LHV under lean and semi-lean amine operations.
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Figure 5.7: Effect of pressure in rich solution flash drum on HC recovery and LHV with NG
gas and solvent flowrates of 75 kg h'! and 275 L h'!, under A: lean amine operation ( fé‘é,zjl =

0.01); B: semi-lean amine operation ( fCi‘(l)z,l =(0.23). Dotted line: fuel gas specification.

The MBC model predicts an improvement in HC recovery, from about 81% to 90% and 77%
to 88%, by decreasing the rich solution flash drum pressure from 1500 kPa to 700 kPa for the
lean and semi-lean operation, respectively. Notice that for the lean amine operation (Figure
5.7A), the flash gas meets the fuel gas LHV at all operating pressures and a maximum of 90%
HC recovery can be obtained at 700 kPa. On the other hand, the predicted LHV; for all the
operating pressures of interest under semi-lean operation (Figure 5.7B), fail to meet the fuel
gas specification except at 1500 kPa, with a lower HC recovery of 77%. The high CO> content

out __

in the flash gas is attributed to the higher CO: loading in the rich amine ( fco,) =

0.37 mol mol™!) from the MBC under the semi-lean operation as compared to the CO,
loading of fggtz,l = 0.20 mol mol~! in the lean amine operation (See Figure 5.4D). In order to
recover more flash gas, further sweetening of the flash gas containing CO2 would be required
in order to use it as fuel gas (Gas Processors Suppliers Association, 2004); or else this flash
gas could be compressed and returned to the MBC gas inlet or the treated gas, subject to

meeting the required CO; purity.
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5.5.3 MBC process-wide assessment of solvent losses

The amine solvent is not consumed during the acid gas removal process, but some amine loss
is inevitable due to evaporation or entrainment. Unlike conventional packed columns, solvent
entrainment is prevented in MBC by the microporous membrane which allows the liquid and
gas phases to be in contact with each other, yet without the dispersion of one phase in the other.
On the other hand, solvent evaporative losses in the form of either water, MDEA or PZ can
occur with the treated gas, flash gas and acid gas streams. They are dependent on the type and
concentration of amine, as well as on the temperature and pressure of the MBC, flash drum and
solvent regenerator. The solvent makeup stream aims to compensate for these losses and to

maintain the desired solvent concentration in the process.

Teletzke and Madhyani (2018) surveyed existing gas processing plants using
monoethanolamine (MEA), diethanolamine (DEA), and MDEA, and reported an average

3

amine loss rate of 2x10* kg Nm™ of treated gas. They further noted the potential for reducing

these losses to below 7x10 kg Nm™ of treated gas in most gas processing systems.

Figure 5.8 A shows the effect of solvent temperature at the MBC inlet on the total water, MDEA
and PZ evaporative losses in the process. As the liquid temperature rises, the rates of water,
MDEA and PZ evaporation also increase, due to the corresponding rise of their vapor pressures.
This observation is consistent with the simulation results from Shariati and Khosravi Nikou
(2015) in conventional NG sweetening process. Figure 5.8A also shows that the water
evaporative loss rate is the highest followed by PZ and MDEA, which is consistent with the
components respective vapor pressures (see right plot in Figure 4.13). In addition, the amine
loss rate between 0.3-1.1x 10 kg Nm™ is lower than, yet of same order, as the loss rates
reported by Teletzke and Madhyani (2018). Overall, the amine loss is approximately 0.15%
of the solvent’s circulation rate (0.4 L h' of 275 L h'"), and water makes over 99 wt% of these
losses. This suggests that pure water make-up should be sufficient during normal operations to
maintain the solvent concentration. When the amine concentration degrades or the solvent
inventory in the process drops, a small portion of the amine solvent can be replaced by the

fresh amine into the process.
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Figure 5.8: A: Effect of solvent temperature at the MBC inlet on the total water, MDEA, and
PZ evaporative losses, under lean amine operation and NG gas and solvent flowrates of 75 kg
h'! and 275 L h'!, respectively; B: Effect of solvent temperature at the MBC inlet on the ratio
of evaporative loss in acid gas to loss in treated gas (mass basis) for water and MDEA+PZ.

Figure 5.8B presents the effect of solvent temperature into MBC on the ratio of evaporative
loss in acid gas to loss in treated gas (mass basis) for water and MDEA+PZ. These results show
that significant evaporative losses occur with the solvent regenerator overhead as well, which
are of the same order of magnitude as the evaporative losses with the MBC treated gas. The
scale-up study in the following section shows that, although small, the amine losses that occur

within the MBC and regeneration section should not be neglected.

5.6 Model-based scale-up of a commercial MBC for natural gas

sweetening

The objective of this section is to design a commercial MBC module (membrane area, solvent
flowrate) for a semi-lean MBC operation in an industrially relevant NG sweetening application
by using the knowledge acquired from the lab-scale and pilot scale studies. The inlet NG has a
CO; content of 24 mol% to be reduced to < 6.5 mol% (Table 5.4) with flowrate of 240
MMSCEFD. Notice that the amine chiller was removed as per the recommendation in Sec. 5.5.1,
and the overhead condenser operates at 318 K in order to minimise amine loss to the acid gas.
A model-based scale-up and analysis is conducted to assess this MBC in terms of (1) reboiler

energy required per ton CO; removed; (ii) potential savings from the HC recovery in the rich
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solution flash drum; and (iii) amount of MDEA and PZ make-up required to maintain solvent

concentration.

Table 5.4: Operating conditions in an industrially relevant NG sweetening application

Parameters Natural Gas
MBC (Absorption)
CO; inlet / target outlet, y%, ; / 25, , [mol%] 24/<6.5
CHa, C2Hs, C3Hg [mol%] 73/2/1
MDEA/PZ inlet [wt%] 39/5
Inlet gas pressure, F," [kPa] 5400
Outlet liquid pressure, P [kPa] 5430
Gas flowrate, Ni" / Fi® [kmol h™'] / [MMSCFD] ~ 11,630/240
Liquid volumetric flowrate, i [m3 h™'| 1750
Gas temperature, Tg" [K] 312
Liquid temperature, T;™ [K] 318
CO: loading in solvent, fci%z,l [mol mol_l] 0.22
Solvent Regeneration (Desorption)
Rich solution drum pressure [kPa] 911
Low pressure flash drum [kPa] 258
Heater temperature [K] 377
Overhead condenser — Outlet [K] 318
Reflux pump pressure — Outlet, [kPa] 258

Lean-rich exchanger

Cold stream — Inlet / Outlet [K] / [kPa]

343 /364 /368

Hot stream — Inlet/ Outlet [K]/[kPa]  374/344 /233
LP amine pump pressure — Outlet [kPa] 711
Lean solution cooler — Outlet [K] 318
— Pressure drop [kPa] 35
Amine HP pump pressure — Outlet [kPa] 5460
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The characteristics of the membrane are identical to the one used in Chapter 4 (Table 4.3), with
the module cartridge inner radius, R,, following the pilot-scale module at 0.115 m. Table 5.5
reports the geometrical properties of the MBC used for the scale-up of an industrially relevant

NG sweetening application.

Table 5.5: Specifications of the commercial-scale MBC

Parameters Commercial MBC Source
module
Module cartridge inner radius, R,;, [m] 0.115 (PRSB, 2017)
Number of fibers per module cartridge, N [—] 17,024 Eq. (3.1)
MBC module inner radius, R, [m] 0.8 (PRSB, 2017)
Number of cartridges per MBC module, N, [—] 31 (PRSB, 2017)
Membrane area, A, [m?] 288,687 Eq. (5.5)
Total number of module cartridges, N, [—] 2115 Eq. (5.6)
Number of MBC modules, Nygc [—] 69 Eq. (5.7)

Approximations of the solvent flowrate, F{™ and membrane area, A,, are first derived from the
L/G ratio and COz absorption flux obtained from the lab-scale experiment in Chapter 4 (Figure
4.11), which was operated under similar operating condition outlined in Table 5.5. The

experimental L/G ratio, defined as the solvent flowrate per mol of CO; removed, and the CO-
absorption flux were L/G = 0.86 m® kmol™ and ® = 7.02 x 1073 kmol m?2 hr', respectively.

Herein, the required solvent flowrate can thus be estimated as:
Nco,, = (V0ye™ YC0,e )N » (5.3)
F" = nco,, X L/G, (5.4)

The membrane area, A,,, and number of module cartridges, N, are determined as follows:

Ay = _“Cq‘)’lg , (5.5)
Am
Ne = 27T, LN’ (5.6)

where N, is rounded to the next integer.
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The total number of module cartridges, N, is expected to be large and therefore a commercial
scale module with a radius of 0.8 m, containing 31 MBC cartridges of radius 0.115 m each is
considered (Figure 5.9). This design is preferred as it reduces the number of high-pressure

vessels, therefore limiting reducing the physical footprint and weight of the module.

Figure 5.9: Cross-section of a commercial MBC module of 0.8 m radius- containing 31 smaller
MBC cartridges of 0.115 m radius each.

Then, the number of MBC modules, Nygc is determined as follow;.

Nc¢
Nype = N (5.7)

Where , N, is the number of catridges per MBC module; and Ny is rounded to the next

integer.
A model-based scale-up of the MBC plant is then conducted based on the operating conditions

and MBC characteristics in Tables 5.4 and 5.5. Predicted values of the process KPIs are
tabulated in Table 5.6.
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Table 5.6: Model predictions of the process KPIs.

Parameters Predicted values
CO:z purity of treated gas, 25, , [mol %] 6.1

CO; absorption flux, ® [kmol m? hr”| 7.71 x 1073
L/G ratio [m? kmol™] 0.78
Reboiler energy per ton of CO, removed [GJ ton™1] 2.2
Amount of flash gas recovered, Mgd [kg h™1] 1692 — 1908
HC recovery in the flash gas, fif¢'y [%] 82
Annual savings from HC recovery [US$ million yr!] 0.96 —1.10
Predicted flash gas lower heating value, LHV, [MJ kg 30.2
Amine loss rate per treated gas [kg Nm'3] 1.24 x107*
Amine loss rate per ton of CO> removed [kg ton™1] 0.28
MDEA make-up required [ton yr~!] 73

PZ make-up required, Fi" [ton yr''] 144

The process-wide model predicted that the CO, purity at the treated gas meets the targeted
specification of < 6.5 mol % with approximately 10% improvement in the CO; absorption flux
and L/G ratio compared to the lab-scale experiment in Figure 4.11. This is attributed to
operating the solvent inlet temperature at a higher temperature of 318 K, in order to eliminate
the requirement of amine chiller before the MBC as per the recommendation in Sec. 5.5.1. It
is also found that an increase in solvent temperature improves the CO» absorption flux, despite
the slight increase in the average membrane wetting; whereby the increase in mass transfer due
to higher reaction rates and diffusivities of CO> and amines, dominates over the decreased in
CO2 solubility in the amine solvent.

The predicted reboiler energy per ton of CO> removed is 2.2 GJ ton™!

, which is lower
compared to the range of 2.4 — 4.2 GJ ton™!, typically reported for amine-based absorption
process (Dave et al., 2009; Liebenthal et al., 2013; Narku-Tetteh et al., 2018). This can be
attributed to the semi-lean operation of the MBC system, which was shown to reduce the
energy consumption in Sec. 5.5.1. In addition, model predicted the amine loss rate per treated
gas is 1.35 X 10~* kg Nm™, which is below the average amine loss rates of 2x10* kg Nm

in the survey by the Teletzke and Madhyani (2018). Similarly, the predicted amine loss per ton
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of CO, removed of 0.28 kg ton™1, is at the lower end of the range 0.35 — 2.0 kg ton™! that is
typically reported for amine-based processes (Bailey and Feron, 2005). The resulting solvent

make-up, are 73 and 144 ton yr'! for MDEA and PZ, respectively.

Finally, a sensitivity analysis of +5% on the Henry's constants of light HC in the solvent was
simulated to determine how uncertainty in the Henry's constant propagates into the estimation
of the amount of flash gas recovered at the rich solution flash drum and its heating value, which
are used to quantify the annual savings from HC recovery. The predicted amount of flash gas
recovered is 1692 — 1908 kg hr™1, corresponding to +5% and -5% of the Henry’s constant of
light HC in the solvent, respectively. On the other hand, the predicted heating value of the flash
gas LHV,; and HC recovery is 30 MJ kg! and 82%, respectively. Similar to the findings in Sec.
5.5.2 for semi-lean operation, the predicted LHVj is lower than the fuel gas specification of
47.1 MJ kg'!, which is due to the high CO> content of the flash gas. A sensitivity analysis of
the operating pressure of the flash drum up to 1500 kPa only shows improvement of the LHV,
to 37 MJ kg'!, yet with a lower HC recovery of 68%. The high CO, content in the flash gas is
attributed to the higher CO> loading in the rich amine ( f5,; = 0.56 mol mol™") from the
MBC compared to the CO; loading of fggg,l = 0.38 mol mol~? in the pilot-scale experiment
in Sec. 5.4. Therefore, the flash gas containing CO; will require sweetening at the top section
of the flash drum in order to be used as fuel gas (Gas Processors Suppliers Association, 2004);
or else this flash gas could be compressed and returned to the MBC gas inlet. The annual cost

savings from flash gas recovery is high, estimated to be

¥ M{§ LHV, topE. = US$ 0.96 — 1.1 million yr! (5.8)

where Mifi, [kg hr='] and LHVg [M] kg~'] denote the mass flowrate of species i €

{CH,, C,Hg, C3Hg} in the flash gas and the flash gas lower heating value; the number of

1 and the energy cost is E.= 2.4 X

operating hours per year, t,, = 8000 hryr~
1073 USD MJ~1 (U.S. Energy Information Administration, 2019), which corresponds to +5%
and -5% of the Henry’s constant of light HC in the solvent, respectively. Based on the
predictions of the annual cost savings, an economic assessment could be conducted to
determine whether to invest capital cost to sweeten the flash gas, or to recompress and recyle

the flash gas to the MBC gas inlet, or to send the flash gas to the flare header.
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Overall, the intensification potential of the scaled-up MBC commercial module showed
promising prospects, whereby (i) the predicted reboiler energy per ton of CO; removed is lower
than the conventional amine absorption column by 12 - 50%; (ii) the predicted amine loss rate
per treated gas and per ton of CO; removed are lower compared to the typical loss rates reported
in a conventional amine-based processes; and (iii) a potential savings of US$ 0.96 —
1.1 million yr'! from the HC recovery can be realized, subject to further sweetening of the
flash gas. Nevertheless, the total number of MBC modules (69) will require footprint area of
ca. 250 m?, implying that MBC may require larger footprint than conventional absorption
column. Further improvement on the membrane characteristics such as the specific surface area
and the hydrophobicity are required to enable commercial MBC modules to be stacked, thereby

improving the intensification potential in terms of footprint.

5.7 Conclusions

This chapter has integrated the MBC unit (i.e., absorption section) with the solvent regeneration
unit (i.e., desorption section) in a full-scale MBC process for NG sweetening. In addition to
predicting the CO> removal performance, light HC absorptions into solvent and solvent loss
due to evaporation, the process-wide model can predict the process energy duty of all the
equipment, the HC recovery rate and the solvent make-up under different operating conditions.
Verification of the model has been conducted using data from the pilot plant, showing a close
agreement of the predictions with measured energy consumption and CO> removal

performance at various COz loadings in the solvent.

The experimental data and model analysis has confirmed the advantages of semi-lean operation
in terms of energy reduction and physical footprint. The results suggest that semi-lean
operation is sufficient for bulk CO> removal to meet sales gas specification, while lean amine
operation is required for deep CO> removal in order to meet LNG specification. The optimum
operating pressure for the rich solution flash drum could also be determined, in order to
maximise HC recovery from the solvent, while meeting the fuel gas LHV specification. In
addition, the evaporation rate of the solvent has been predicted to be predominantly water, and

therefore, pure water make-up should be sufficient to maintain the amine concentration in the
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solvent during normal operation. In addition, the predicted amine loss rate has been found to

be within the typically reported loss rates for conventional CO; absorption process.

Finally, the scale-up of a commercial MBC has been conducted for a semi-lean MBC operating
in an industrially relevant NG sweetening application in order to meet a CO» purity of < 6.5
mol%. The method to predict the required solvent flowrate and membrane area for the
commercial-scale MBC has used knowledge of the experimental L/G ratio and CO> absorption
flux from existing lab-scale experiments as a first approximation. The predicted reboiler energy
per ton of CO»> removed is lower than the range typically reported for amine-based processes,
mainly due to the semi-lean operation. However, the flash gas from the flash drum may need
to undergo further sweetening in order to be used as fuel gas due to high CO> loading in rich
amine. Lastly, the predicted amine loss rate per treated gas and per ton of CO> removed is
below the typical loss rates reported in conventional amine-based processes. These full-scale
MBC results could provide the base case in a systematic model-based optimisation to improve

the design and operation of commercial MBC modules as part of future work.
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Chapter 6 Conclusion and Future Work

Over the past decade, MBC for CO> absorption has been widely recognised for its large
intensification potential compared to conventional absorption towers. However, no literature
to date has conducted a comprehensive process wide assessment of using MBC for NG
sweetening. The main objective of this work is to develop a process-wide modelling of NG
sweetening using MBC to enable MBC process design and performance assessment. To
achieve the objective, mathematical modeling with experimental verifications were conducted.
For the experiments, literature reviews were conducted to identify and select the suitable type
of MBC, membrane-solvent combination and fluid flow configuration to be used in the MBC
lab and pilot-scale test rigs. For the MBC modeling, a predictive mathematical model is
developed to investigate the acid gas absorption mechanism in MBC and the impact of various
parameters such as membrane characteristics, operating parameters, and flow configurations
in NG sweetening applications. Then, an integrated MBC process model was developed
whereby the effects of various design configuration, operating conditions and scale-up of a
commercial MBC for NG sweetening were conducted. The following subsections summarize

the key contributions and the recommendations for future works.

6.1 Summary of key contributions

In Chapter 2, literature reviews found that counter-current longitudinal MBC modules are
widely used in lab scale studies due to the simplicity in manufacturing, well-known fluid
dynamics in shell and tube side and relative easiness of mass transfer estimation. Several
studies have reported that PTFE hollow fiber with alkanolamines exhibit high hydrophobicity,
chemical, and thermal stability and high CO removal performance after a prolonged period of

operation in MBC.

Numerous publications on modelling of MBC for CO; capture have reported a good agreement
of model results with experimental data, eventhough different modelling strategies were
adopted, ranging from a simple constant overall mass transfer coefficient Ki, to sophisticated

2D modelling consisting of convection, diffusion and reaction phenomena.
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Moreover, most studies conducted experiments using binary mixtures such as CO2/N> or
CO»/CHg at atmospheric pressure in the laboratory; while experiments on multi-component gas

mixtures (i.e., natural gas) have not been performed to verify the CO; absorption performance.

Therefore, longitudinal MBC modules with PTFE hollow fiber-alkanolamines solvent
operating in the counter-current fluid flow configuration are selected to be used in high-
pressure MBC in the lab-scale and pilot-scale test rigs with CO> rich natural gas throughout

this thesis.

In Chapter 3, a predictive mathematical model of high-pressure MBC for NG sweetening
applications with aqueous alkanolamine mixtures of MDEA and PZ as the chemical solvent
was developed. The model explicitly accounts for the rates of mass transfer through the
membrane, diffusion and chemical reaction in the liquid phase. A combination of 1-d and 2-d
mass-balance equations to predict the CO; absorption flux was considered, whereby the degree
of membrane wetting itself is calculated using the Laplace-Young equation based upon
knowledge of the membrane pore-size distribution, fluid flow configuration, and operating
conditions. Also, real gas behavior is accounted for due to high-pressure operation, and Henry's

law is applicable at the gas-liquid interface.

The predictive capability of the model is tested against data from two experimental settings
operating in a vertical orientation: a lab-scale MBC module, where the purification is
conducted using binary gas mixtures of CH4/CO; and N»/CO; at 11 bar; and a pilot-scale MBC
module operated under industrially relevant conditions at a natural gas processing plant in
Malaysia. All model predictions showed a close agreement with measured CO- absorption flux,
i.e., within +5% at various gas and liquid flowrate, subject to a temperature correction to
account for the heat of reaction in the liquid phase for the pilot-scale MBC modules due to

operating at a lower L/G ratio.

The model’s ability to predict the variation in membrane wetting along the fiber length makes
it possible to analyze the effects of vertical and horizontal modes of operation, whereby
horizontal mode of operation is not subject to liquid static head, thereby decreasing the
membrane wetting and increasing the CO> removal efficiency, respectively. Consequently,

horizontal operation is experimented in the lab and pilot-scales in Chapter 4.
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In Chapter 4, the MBC model was further refined to predict CO; absorption under lean and
semi-lean operating conditions, that includes the modeling solvent losses from evaporation and
light hydrocarbon absorption into the amine solvent. An energy balance has also been added
to the model, which enables predicting the temperature profile in the MBC by accounting for

the CO» absorption heat of reaction and heat losses from solvent evaporation.

An experimental verification of the model has been conducted using both lab-scale and pilot-
scale MBC modules, now in a horizontal orientation, using an improved membrane fiber
compared to Chapter 3. The experimental result showed that the CO, absorption flux has
improved by nearly 80% and the membrane wetting has reduced to less than 1% for the pilot-
scale MBC. A close agreement of all the model predictions with measured CO> absorption
fluxes has been observed at various COz loading in solvent, gas and liquid flowrates, and CO>

inlet concentrations.

The predicted molar flowrates of light hydrocarbons against the measured flowrates in the
flashed gas from the rich amine flash drum verified the assumption that the solvent is about
saturated with hydrocarbons at the MBC outlet. Therefore, this prediction can help to determine
the amount of HC that can be recovered in the downstream flash drum to minimize product
loss. The model also predicts that water is predominantly evaporated to the treated gas
compared to MDEA and PZ due to their vapor pressures being much lower compared to water
in the temperature range of interest. In addition, only a small amount of solvent is evaporated
compared to the total solvent flowrate in the high-pressure pilot-scale MBC operation, and
therefore solvent evaporation has a minimal impact on the solvent outlet temperature. This
prediction was confirmed by the close agreement between predicted and measured temperature
profile in the lab-scale MBC. The ability to predict the solvent evaporation rate and its
composition will enable quantifying the amount of solvent make-up required in a full-scale

MBC process.

In Chapter 5, the MBC model developed in Chapter 4 is integrated with the conventional
solvent regeneration model in a full-scale MBC process for NG sweetening in the gPROMS
ProcessBuilder environment, which can now predict the key performance indicators (KPIs)
such as: (a) the CO; purity in the product gas; (b) the process duty and the energy per ton CO>

removed; (c) the amount of HC loss or recovered as fuel gas; and (d) the amount of solvent
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loss per treated gas and makeup required for various conceptual designs and operating
conditions. Verification of the model has been conducted using data from the pilot plant,
showing a close agreement of the predictions with the measured energy consumption and CO>

removal efficiencies at various CO; loadings in the solvent.

From the experimental data and model analysis, semi-lean operation is advantageous in terms
of'energy reduction and physical footprint for bulk CO> removal to meet sales gas specification,
while lean amine operation is required for deep CO: removal in order to meet LNG
specification. Optimum operating pressure for the rich solution flash drum could also be
determined in order to maximise HC recovery from the solvent, while meeting the fuel gas
LHYV specification. Likewise in Chapter 4, the evaporation rate of the solvent in the process-
wide has been predicted to be predominantly water, and therefore, pure water make-up should
be sufficient to maintain the amine concentration in the solvent during normal operation. In
addition, the predicted amine loss rate has been found to be within the typically reported loss

rates for conventional CO; absorption process.

Finally, the model-based scale-up of a commercial MBC was conducted for a semi-lean MBC
operating in an industrially relevant NG sweetening application in order to assess its
intensification potential, which showed promising prospects in all the key performance
indicators. Nevertheless, the required MBC footprint area is ca. 250 m?, implying a larger
footprint compared to the conventional absorption column. Overall, the resulting full-scale
MBC could provide the base case in a systematic model-based optimisation to improve the

design and operation of commercial MBC modules.
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6.2 Recommendations for future work

The MBC model developed in this work can be continuously improved as a result of increased
in knowledge, computational power and access to new data information. The critical points of
improvement, both in terms of a more in-depth understanding of acid gas absorption in MBC

and modeling are summarized below:

e MBC model can be used for the development of improved membrane. Global
sensitivity analysis (GSA) can be conducted to rank the membrane characteristics and
operating conditions that have the most significant impact on CO2 removal performance
and costs. It provides insight on which membrane characteristics to focus on and to be
improved further by the membrane manufacturer. In addition, it helps to identify the
key decision variables to be used for a model-based optimization problem (e.g.,

minimizing the annualized cost).

e Sensitivity analysis of the optimized MBC module concerning the MBC material cost,
lifespan and energy unit cost be conducted for the NG sweetening application. Then, a
detailed techno-economic assessment framework comprising various criteria such as
technical, economic, operational, maintenance and technology risks can be developed
with appropriate weightages and scores to benchmark against the conventional packed
column. The development of the framework can then be used to systematically identify

the gaps and improvements for MBC technology.

e Modeling and experiments should be conducted for different MDEA and PZ
concentrations or other commonly used chemical solvents such as MEA to identify
optimal solvents for MBC in terms of CO> removal absorption performance and solvent

regeneration costs.

e To utilize other thermodynamic property package such as SAFT Equation of State to
obtain the thermo-physical parameters and to evaluate the MBC based NG sweetening

process in terms of CO2 removal, HC absorption and energy consumption.

e Computational fluid dynamic (CFD) modeling to investigate the flow distribution of
the gas and liquid into the hollow fiber tube and shell of MBC modules to help ensure
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even fluid flow distribution and to select the optimal arrangement of MBC multi-stage

cascade modules.

The model should be checked against experiments with various MBC flow
configurations such as co-current, gas in shell and liquid in hollow fiber tubes,

respectively and for a better understanding of CO; absorption in MBC.

The model and experiments should be extended to include simultaneous acid gas
absorption (i.e., CO; and H>S) for a comprehensive assessment of NG sweetening using

MBC.

The effects of gas temperature changes on MBC performance is not considered as the
gas mass transfer resistance are negligible, and the gas diffusivities are four (4) orders
of magnitude greater than liquid diffusivities. However, depending on the feed gas
temperature to MBC, the colder gas absorbs heat from the hot liquid causing the gas
temperature to increase and liquid temperature to decrease which may result in a
temperature bulge at the end of the MBC length. The potential effect of such a
phenomenon on MBC performance is presently unknown. Also, the temperature
increase in treated gas may have an impact on the downstream equipment, and therefore
should be considered. The physical and thermodynamic properties related to
temperature changes along MBC and its effect on membrane wetting and CO2

absorption can also be considered.

Using the same principle, MBC for solvent regeneration (CO> desorption) can be
considered as an alternative potential to a conventional desorption column
(Koonaphapdeelert et al., 2009; Wang et al., 2013). Modeling of integrated MBC
process for CO» absorption-desorption can be conducted to assess its potential in NG

Sweetening.
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Appendix A: Transport and Reaction Kinetic Correlations for predictive

MBC modeling.

Macroscopic reaction rates between the CO> and the amine solvent are assumed to follow mass-
action kinetics,

Rc02 = —kmpEa Ccoz Cvipea — kpz Ccoz Crz (A.1)
Ryipea = —kmbea Ccoz CMDEA (A.2)
Rpz = —kpy CC02 Cpz (A.3)

The reaction rate constants are given by (Ko and Li, 2000; Sun et al., 2005; Lu et al., 2007)

kypea = 4.01 % 105 exp (- 54T?0) (A.4)
kpy = 4.49 x 10° exp (— ?) (A.5)
1

The diffusivity of CO2 in liquid is also estimated based on the analogy of N>O diffusivity in
solution (Versteeg and Van-Swaaij, 1988)

Dco,1 = Dnyou —C0p 0 (A.6)
’ > DN,0,H,y0
The diffusivities of CO; and N>O in water are given by
_ _6 2119
Deoyimo = 2.35 X 107° exp (- T—l) (A.7)
_ 2371
D010 = 5.07 X 107 exp (- T_1) (A.8)

The diffusion coefficient of N2O in liquid amine solution is estimated using the modified
Stokes-Einstein relation (Brown, 1991; Mandal et al., 2003;Wang et al., 2013)

HH20)0'6

" (A.9)

Dnyo) = DNZO,HZO(

where the viscosities py,o and g of the water and amines, respectively, are obtained from the
package ‘UNIQUAC-RK’. Likewise, the temperature-corrected diffusivities of MDEA and PZ
amines in the liquid phase are correlated using the modified Stokes-Einstein relation (Brown,
1991; Mandal et al., 2003).
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0.6
_ T, (HH,0
Duieat = Dyiea 0 305 () (A.10)

Ty (#n,0\%6
Dpz, = DPZ,HgO%(%) (A.1T)

where the diffusivities of MDEA and PZ in water, and the liquid and water dynamic viscosities
are obtained from the the package ‘UNIQUAC-RK’. The diffusivity of CO; in NG was
estimated from empirical correlations based on kinetic gas theory [Cussler, 2009; Bird et al.,
1960]

1/2
1 1
T, 1.75 +
&  \Mco, Mng

P
108 Pg[(z Vc02)1/3+(2 VNG)1/3]

Dco, NG = (A.12)

where Mo, and Myg stand for the molecular weights of CO2 and NG; and the summations of
atomic diffusion volumes for the species of the CO>-NG gas mixture are taken as ), Vo, =
26.9 and ), Vg = 24.42. The diffusivity of CO, in N gas was obtained from the package
‘Advanced Peng-Robinson’. Lastly, the surface tension of liquid was estimated using the
package ‘UNIQUAC-RK".

The numerical values reported in Tables A.1 and A.2 correspond to the temperature and
pressure conditions in the lab- and pilot-scale MBC modules in Chapter 3 and 4 (see Tables 3.1
and 4.2).

Table A.1. Model parameters used in the lab and pilot plant MBC simulations in Chapter 3.

N,/CO, CH,/CO; NG
Parameters
(Lab) (Lab) (Pilot)
Diffusivity of CO; in gas, Dco, ¢ [ m? s71] 1.44x10%  1.50x10°  3.23x107
Diffusivity of CO; in liquid, D¢, [m* s7'] 1.00x10°  1.46x10°  1.46x107
Diffusivity of MDEA in liquid, Dyppga, [m*s™*] 1.39x10-10  2.37x10°1°  2.37x10°'°
Diffusivity of PZ in liquid, Dp,; [m* s™'] 3.26x10°10  5.32x10710  5.31x10°1°

Reaction rate constant of MDEA, kypga [m*mol™ '] 4.01x107 9.83x10°  9.83x10?

Reaction rate constant of PZ, kp, [m3mol ™ 5] 15.5 40.0 40.0
Henry’s constant, Hco,, [m® Pamol] 2878 3636 3588
Density of gas, P, [kg m'3] 13.3 8.5 49.2
Density of liquid, p, [kg m™] 994 986 986
Dynamic viscosity of liquid, g, [kg m’ s"] 2.49x1073 1.73x103 1.74x103
Surface tension of amine solvent, y [N m'l] 0.046 0.046 0.046
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Table A.2. Model parameters used in the lab and pilot plant MBC simulations in Chapter 4.

N»/CO» NG

Parameters
(Lab) (Pilot)

Diffusivity of CO; in gas, Dco, ¢ [m? s7*] 3.01x107 3.10x107
Diffusivity of CO; in liquid, D¢q, [m2 s_l] 1.50x10% 1.47x107°
Diffusivity of MDEA in liquid, Dypga, [m*s™] 2.85%10-10  2.39x10°1°
Diffusivity of PZ in liquid, Dy, [m® s1] 6.34x1010  5.37x10°1°
Reaction rate constant of MDEA, kyppa [mmol” s 1.13x102  9.83x107
Reaction rate constant of PZ, kp, [m*mol™ s] 46.4 39.9
Henry’s constant, HCOz,l [m® Pa mol™ | 5825 4759
Density of gas, P, [kg m?] 73.4 48.9
Density of liquid, p, [kg m”] 9713 987
Dynamic viscosity of liquid, y, [kg m's! ] 1.39x1073 1.71x1073
Surface tension of amine solvent, y [N m'l] 0.040 0.046
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Appendix B: Radial Domain Scaling for Membrane Dry and Wet Spatial

Subdomains and MBC Model Equations for Process Wide Design and

Operation.

A rescaling of the radial dimension in the partial differential equations was conducted in order
for the membrane dry and wet spatial subdomains to be rectangular. The steps for the domain

scaling are provided as per below:

Step 1: Specify the distribution domains of membrane dry and wet spatial to be rectangular
such that [r: 1, .r] and [r, .of : 12], respectively as shown in Figure B.1. The wetted radius

reference, r,, ., can be estimated as 7, op = 72 — [r2 —71] 3, of in accordance to Eq. (3.10);

where 3,.¢ can be a parameter of value from (0,1).

Z=L
r=0
r=ri
r=rw ref
r=rz
r=rs
Tube Shell
Z=0 Y
membrane

Figure B.1:Spatial domains in MBC model

Step 2: Account for the predicted r;,,(z) from Eq. (3.10) in the mass conservation equations in

membrane dry and membrane wet and boundary conditions as summarized in Table B.2.
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Table B.1: Mass conservation equations in membrane dry and membrane wet and boundary
conditions with rescaling of the radial dimension.

Section Material Balances
Membrane-Dry Phase S [62 Coy(r2)  19Cco, (r,Z)] 0
— .. Yco,md - =
(r,2) € [ry, 1w (2)] X [0, L]: @ TR e o
Membrane-Wet Phase .y 0°C(rz)  10C,(r,2)
2 7 Tw_ref _ i\’ - i\" (r. — .
(r,2) € [ry(2),15] X [0,L]: r—t,(z) ™| arz 'y  or ]+ Ri(Ci(r,2)) = 0,0 € {COy, sol}

Boundary Conditions

Heo,,

CCOz(rV; (Z)FZ) = WCCOz(rV-\i; (Z)F Z) )
g

Gas-liquid Interface

r=n,(z), z € [0,L]:

T2 Tw_ref acsol (T;Z)

7

ro—1w(2) ar r=ri(z)
rw(z)-1,  CO2:md or r=rg(z) T2Tw® COz,mw or r=ri(2)
. . + _— a— .
Liquid-membrane Interface Ci(ry,z) =Ci(ry,z), i €{CO,sol}
r=ry, Z € [O, L] DilaCi(r,Z) — 2= Tw_ref Di o 9Ci(r,z) , i € {COz, SO]}
ar T‘=T2+ ro—Ty(2) > ar r=ry
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The model equations and boundary conditions used for modeling of MBC in Chapter 4 are

summarized in Table B.2.

Table B.2. Summary of model equations and boundary conditions used in Chapter 4 : MBC

model
Section Material Balances
Gas Phase dCco,(2) _ _2Dco,ma l _ ZRTginqC02 (Z)l 9Cco, (1, 2)
(r,z) € [0,7,] X [0,L]: 0z Vg(2)71 I or r=ri
d'U_g(Z) _ 2 DCOz,md ZRTgin aCCOz(T’,Z)
9z T Pé“ ar r=ry +’

NOUt = Nm — NJ"*, i € {CH,, C,He, C3Hg},

our _ AP :
Vig' =5,  i€{H0,MDEAPZ},

out

Nig'® = Nmr{7,(0) ‘g Pg, i € {H,0, MDEA, PZ}

Membrane-Dry Phase

(r,2) € [, 7 (2)] x [0, L]:

Twref~T1 6ZCCO2(r,z) 1 6CCO2 (r,2) —0
rw(z)—r,  CO2:md or? r or

Membrane-Wet Phase

(T, Z) € [rW(Z)ITZ] X [01 L]

Ty = Ty ref 0%C;(r,z) 10Ci(r,z) )
- W79 p — R;(C;(r, =0,i € {CO,,sol
rz _ T'W(Z) [ a,rz r a,r + l( l(r Z)) l { 2 SO }

. . ac( ) 9%Ci(r,z) | 10Ci(r,2) BCL )
Liquid Phase v(r) 22 = py, arzrz - a:Z (rz ] + R;(Ci(r, 7)),
r,z) € [ry,, 3] X [0, L]:
(r,2) € [r, 3] X [0,L] i € {CO,,sol}
o 2—r2+2r2 ln(rz) _ "
n(r) = 2171(7‘3 "2 ) arZr?-ri-3ri-arg ln( 3) - V1= mRAH(1-0) ’

m

Cout YigPg
Hjp >
il

i€ {CH4, C2H6I C3H8}a

N = C°“tFl , i €{CH,, C,H,, C3Hgl,

N3"* = Nif — NS, i€ {H,0,MDEA, PZ},
o dTi(2) 5 d (U_g(z) Cco, (Z))
E"p G, P —nr{ N P AH,

Boundary Conditions

Gas inlet, z=L:

3 ¥
g U288 g
Zon Ceo,(L) = ZRT,
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Liquid inlet, z=0, r € [r,, 13]:

CC02 (T‘, O) = fclgz,l slgl ’ Csol(r' O) = slgl >

Qvap = Flm b Cp (Tlin - TI(O))
in pvap,in
- JANRE vap (i
= Ug(O)NT[T'lz ?Tg AHl (Tlm)
Liquid outlet .
a CRIGE] R i €{C0,,sol}
0z lz=|

z=L, 1 € [ry, 13]:

Gas-membrane Interface

r=ry,z € [0,L]:

Cco, (1", 2) = Cco,(2)

Gas-liquid Interface

r=1,(z), z € [0, L]:

Hco,,

ZRT, Cco, (1w (2),2),

Ceo,(ry (2),2) =

12~ Tw_ref 0Cs01(1,2)

r—1y(2) or r=rv't;(z) !
Twref—T1 9Cco,(1.2) T2 Ty ef 9Cco,(1.2)
TW(Z)—rl Coz,md or T'=T‘VT,(Z) To—Tw(2) COZ,IIIW ar r=rv"\;(z)’
1w(z) =1, — [ —1]3(2),
5
f—rga));cosa 82 f(a) dé
AP1Mpp(2)
Z) =
3(2) [om o2 f(8)as
2 2
— out 8 = r3 - TZ in
Prypp(2) = P + 8y > 2 " T (L—2z)— B
4rsrs —ry; —3r3 —4r3In (E)

Liquid-membrane Interface

Ci(T2+1Z) = Ci(TZ_IZ) ) [ € {COZI SOI}

r=r,, z € [0, L]: L acy(r2) _rtew p 0GiT) _
Dl’l or  lp=pt ry-ry(@ MW ar r=r2" L € {COZrSOI}
Liquid Boundary aci )

r=r3, z € [0,L]:

, i €{CO,,sol}

or r=ry
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