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1. Introduction

For long, ammonia has been branded as a 
harmful acid pollutant causing irreversible damage 
to the environment. Unlike other pollutants like ni-
trogen oxides (NOx) and sulphur oxides (SOx), 
 ammonia causes acidification to the environment in 
a more complex and indirect way. The sequence 
of reactions between ammonia and acidic aerosols 
followed with microorganisms to form acidic HNO3 
has been well documented in the literature.1,2 The 
sources of ammonia could be traced to various in-
dustries, including fertilizer manufacturing industry, 
coke manufacture, fossil fuel combustion, and bio-
mass gasification. Moreover, ammonia is not only 
emitted by direct sources (process) but also through 
indirect means such as control technologies of other 
pollutants, especially nitrogen oxides (NOx). Selec-
tive catalytic reduction (SCR) is one of the main 
technologies employed for controlling NOx emis-
sions. A significant amount of ammonia is added 
to the SCR process to convert NOx to nitrogen 
 according to the reaction: NH3 + NO + 1/4 O2 → 
N2 + 3/2 H2O. However, depending on the extent 
of the reaction, excess ammonia may exit the pro-
cess along with the effluent, a condition referred to 
as “ammonia slip”.3 Subsequently, an ammonia re-
moval or conversion process has to be installed as 
a downstream operation in addition to the SCR 

 process to curtail ammonia being released as a pol-
lutant.4,5

 Selective catalytic oxidation (SCO) of am-
monia is a relatively new technology that converts 
ammonia to nitrogen and water in the presence of 
catalysts. Besides providing an efficient and stable 
operation, it can be selectively used to enhance pure 
nitrogen production from air and ammonia suitable 
for various applications.6 The following reactions 
depict the chemistry of SCO of ammonia:

2 NH3 + 3/2 O2 → N2 + 3 H2O + 632 kJ (1)

2 NH3 + 2 O2 → N2O + 3 H2O + 552 kJ (2)

2 NH3 + 5/2 O2 → 2 NO + 3 H2O + 451 kJ (3)

While elevated process temperatures (750 – 
900 °C) favor high production of nitrogen oxides 
(Reactions (2) and (3)), low temperature conditions 
(< 500 °C) result in the formation of all nitrogen 
compounds in varying proportions depending on 
the catalyst. SCO focuses on maximizing the com-
position of nitrogen by limiting Reactions (2) and 
(3) using various metal and metal oxide catalysts. A 
detailed review discussing the effect of catalyst per-
formance, temperature, and O2/NH3 ratio has been 
presented in the literature.7

Typically a plant processing large throughput 
utilizes fluidized beds due to the advantages such as 
excellent mixing characteristics,8 operating flexibil-
ity,9 and ease of solids handling10 that lead to a bet-
ter overall conversion efficiency. Although it is 
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marked by relatively lower conversion than fixed 
bed for a given amount of catalyst, fluidized bed 
has been the preferred choice of reactor for most of 
the heterogeneous gas-solid catalytic reactions 
 owing to uniform reactor temperature and ease in 
operation. Examples of industrial applications of 
such reactors include catalytic cracking of hydro-
carbons; coal gasification; ore roasting; and synthe-
sis reactions such as Fischer-Tropsch synthesis, 
polyethylene production, and maleic anhydride pro-
duction.11

In order to predict performance and scale-up of 
fluidized bed reactors, it is imperative to develop a 
model that would account for the conversion of the 
reactants, encompassing all the reactor conditions. 
However, due to a certain degree of uncertainty in 
predicting the performance of the fluidized bed, its 
application to complex reactions has been restrict-
ed. One of the main causes of uncertainties is due to 
the unaccountability of non-uniformities in gas dis-
tribution in the form of bubbles and channels.12 
Such anomalies in bed characteristics strongly ques-
tion any predictions of system behavior unless they 
are accurately described and captured by the mathe-
matical model. Most of the fluidized bed models 
have been developed from the principles of two-
phase fluidization, originally developed by Toomey 
and Johnstone.13 Since then, many researchers have 
employed similar or modified versions of the model 
to investigate different reaction systems, including 
production of maleic anhydride (MAN) by the cata-
lytic oxidation of n-butane,14 and ammoxidation of 
propylene.15 This study aims to test both the simple 
and dynamic two-phase hydrodynamic models 
against a relatively unexplored reaction system, se-
lective catalytic oxidation of ammonia using a flu-
idized bed. The bed operates in bubbling regime 
wherein the reactants, ammonia and oxygen enters 
the bed from the bottom and flows upwards. Prod-
ucts along with unconverted reactants exit the reac-
tor at the top, which may undergo different separa-
tion operations for purification. Conversion 
predicted by both models is compared and validated 
against experimental data reported by Massimilla.12 
Results of the present work are expected to shed 
more light on improving the predictions of ammo-
nia conversion under different process conditions.

2. Model development

2.1. Hydrodynamics

Two most generic two-phase bubbling bed 
models along with the three-phase Kunii-Leven-
spiel model were utilized to simulate the SCO reac-
tion system in bubbling fluidized bed. Reactant gas 
enters the bottom of the bed and flows up the reac-

tor partly in the emulsion phase and the rest in the 
form of bubbles. As the bubbles rise through the 
bed, mass transfer between the phases facilitates 
transfer of reactants and products in both directions. 
The reactants diffuse from bubble phase to the 
emulsion phase where the presence of catalyst (sol-
id particles), promotes the reaction. The rate at 
which the reactants and products transfer in and out 
of the bubble affects the conversion, as does the du-
ration of the bubble in the bed.11 The simple two-
phase hydrodynamic model assumes that all gas in 
excess of minimum fluidization passes through the 
bed as solid-free bubbles, and that the emulsion 
phase remains at minimum fluidization conditions 
all the time. However, it has been verified experi-
mentally and theoretically in works16–20 that there 
remains a dynamic distribution of particles between 
the bubble and emulsion phase, and that the latter 
possesses excess gas at higher superficial gas veloc-
ities. Dynamic two-phase model attempts to capture 
these observations with appropriate modification to 
the semi-empirical equations, accounting the reac-
tion simultaneously in both phases. Kunii & Leven-
spiel model considers a three-phase regime consist-
ing of bubble, cloud and emulsion wherein reaction 
occurs only in the dense phase with continuous in-
terchange of reactants and products.

Kunii-Levenspiel model

Since most of the catalytic reactions in dense 
bubbling fluidized beds use fine Geldart A solids 
that have a very small minimum fluidization veloc-
ity, Kunii and Levenspiel assumed that all the fed 
gas passes through the bed as bubbles, and flow 
through the emulsion phase is negligible.16 This 
three-phase bubbling bed model was developed un-
der the following assumptions:

1. Bubbles are all of single size.
2. Solids in the emulsion phase flow smoothly 

downward, essentially in plug flow.
3. Emulsion phase exists at minimum fluidiz-

ing conditions. The gas occupies the same void 
fraction in this phase as it had in the entire bed at 
minimum fluidization point.

4. In the wake, the concentration of solids is 
equal to the concentration of solid in the emulsion 
phase, and therefore the gaseous void fraction in the 
wake is also the same as in the emulsion phase.

The exchange of gases between various phases 
along with the reaction is depicted in Fig. 1. Details 
of model description and development can be found 
elsewhere.16
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Simple two-phase model

The simple two-phase bubbling bed model has 
been widely tested for various reaction systems and 
the common consensus is that it provides only ap-
proximate predictions of the performance of fluid-
ized bed. Nevertheless, it has been considered in 
this study in order to enhance a better understand-
ing and comparison with other flow models.

Assumptions involved:

1.  Fluidized bed reactor consists of two 
phases: Bubble Phase and Emulsion Phase

2.  All gases in excess of the minimum fluid-
ization velocity flow through the bed as bubbles

3. Emulsion Phase remains stagnant at the 
minimum fluidization conditions (Ue = Umf)

4.  Bubbles are solid-free with reaction occur-
ring only in the emulsion phase.

The interchange of reactants and products of 
the two-phase model is depicted in Fig. 2.

The solution of the two differential equations 
representing the mole balance in bubble and emul-
sion phases yields an expression to calculate aver-
age reactant concentration, and hence the exit con-
version. Furthermore, this expression can be used to 
estimate conversion for different solid particle size, 
superficial velocity, reactor diameter, and height.

Dynamic two-phase model

The actual flow structure in the fluidized beds 
is more complicated than that described in the sim-
ple two-phase model. In a real fluidized bed, the 
concentration of particles in the emulsion phase can 
be less than that at minimum fluidization, and the 
bubbles can contain various amounts of particles. 
Therefore, this model considers the progress of the 
reaction in both the bubble and emulsion phases.

Assumptions involved:

1. Fluidized bed reactor consists of two phases: 
Bubble Phase and Emulsion Phase21

2. All gases in excess of the minimum fluidiza-
tion velocity flow through the bed as bubbles

3. Emulsion Phase remains stagnant at the min-
imum fluidization conditions (Ue = Umf).

4. Bubbles are not solid-free with reaction oc-
curring both in bubble and emulsion phase.

Since the reaction takes place in both the bubble 
and emulsion phase, reaction rate is calculated in 
both the phases depending on the local reactant con-
centrations. Equations describing the diffusion and 
reaction process are similar to the simple two-phase 
model except for an additional reaction term in the 
bubble-phase mole-balance equation. The initial con-
ditions for the two differential equations are taken 
such that the initial concentration in both the phases 
is equal to the entering reactant concentration.

F i g .  1  – Mass transfer in bubbling fluidized bed as described by K-L model

F i g .  2  – Mass transfer and reaction in a simple two phase fluidized bed model
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Ta b l e  1  – Summary of state equations and mass transfer correlations used in this study
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The corresponding model equations for each of 
the models, along with mass transfer correlations 
are listed in Table 1. The variation in the bubble 
fraction in the bed among the models can be noted 
from the list of equations.

2.2. Kinetics

Johnstone et al12 proposed that the oxidation of 
ammonia over the magnesia-bismuth oxides on alu-
mina spheres follows a pseudo-first-order reaction, 
and the solution of differential equation represent-
ing the mass balance for plug flow reactor and reac-
tion of first-order solution yields

 ln (1 ) catk =   (4)

where  s the overall fraction of ammonia oxidized, 
 s the reciprocal of space velocity expressed as 
volume of catalyst particles per unit of volumetric 
gas flow rate, and kcat is the reaction rate constant. 
Using fixed bed reactor under similar experimental 
conditions, the average value of rate constant was 
reported as 0.0858 s–1.

3. Simulation

K-L model was simulated in MATLAB and the 
two-phase model equations were solved in Poly-
math using the input parameters listed in Table 2. 

The differential equation that accounts for the 
changes in the concentration of reactant ammonia 
with respect to bed height in the two-phase models 
is solved simultaneously using Stiff algorithm avail-
able in Polymath. The three models predictions 
were compared with the experimental data for am-
monia oxidation reported by Massimilla et al.12 Fur-
ther, all the three models were used for investigat-
ing the effects of various hydrodynamic parameters 
on the conversion efficiency of catalytic oxidation 
of ammonia.

4. Results and discussion

4.1. Model validation

Experimental data on catalytic oxidation of am-
monia in bubbling fluidized bed reactor is very lim-
ited in literature. It could be noticed from Table 1 
that the equations used to calculate fluidization pa-
rameters are similar for all hydrodynamic models. 
However, the mass transfer and reaction rate equa-
tions considered by each model differs and there-
fore, it could be expected that the resulting exit con-
version may differ among each model. The test case 
simulation was performed at a gas velocity of 8.01 
cm s–1 in an 11.4 cm reactor diameter with 105 µm 
particle size and 4 kg catalyst weight at 523 K; see 
Table 2 for complete specifications on process con-
ditions. The computed values of fluidization param-
eters along with conversion from all the three mod-
els are presented in Table 3. It is evident that each 
model differs only in the way the overall mass 
transfer coefficient and reactions rates are defined 
and calculated. Simulation results are found to be in 
good agreement with the experimental data for SCO 
of ammonia reported by Massimilla and Johnstone12 
who reported an exit conversion of 15 % for the 
same base conditions while that of simple, dynamic 
and K-L models reported 17.18 %, 18.39 % and 
19.63 % respectively. In the two-phase model, the 
reaction is presumed to occur only in the emulsion 
phase since the bubbles are solid-free, whereas in 
the dynamic phase the reaction takes place in the 
bubble phase as well. However, the K-L model ac-
counts for mass transfer and reaction in bubble, 
cloud and emulsion phases estimating an overall 
conversion higher than the two-phase models.

The conversion profile of ammonia along the 
length of the reactor predicted by various models is 
illustrated in Fig. 4. It should be noted that all the 
models assumes uniform radial concentration pro-
file in the bed, which is also evident in the mole 
balance equations. Normalized axial length was cal-
culated by dividing the axial length (z) with the fi-
nal expanded bed height (H). The composition of 
the gas leaving the bed is calculated based on the 

F i g .  3  – Mass transfer in fluidized bed as depicted by dynamic 
two-phase model

Ta b l e  2  – Summary of input conditions used for simulation

Pressure 1.125 bar

Temperature 523 K

Reactor diameter 11.4 cm

Volumetric flow rate 818 cm3 s–1

Initial Reactant Composition 10% NH3 – 90% O2

Particle diameter (dp) 105 µm

Particle density (ρp) 2.06 g cm–3

Height of unexpanded bed 38.9 cm

kcat (per vol of solid catalyst) 0.0858 s–1

Gas density (ρg) 7.85E-04 g cm–3

Viscosity at 523 k 2.98E-04 g cm–1 s–1

Gas diffusion coefficient (Dab) 0.618 cm2 s–1
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average of composition of all the phases involved in 
the flow model.

Detailed comparison of model predictions with 
additional experimental data is presented in Section 
4.2.1.

4.2. Influence of hydrodynamic parameters

4.2.1. Effect of superficial gas velocity

Fig. 5 shows the effect of fluidization gas ve-
locity on overall conversion of ammonia calculated 
at the exit of the bed. Predictions from all three 

models have been compared with experimental data 
reported by Masimilla et al.12 All other system pa-
rameters, including temperature, particle diameter, 
and bed diameter were kept constant in all simula-
tions as that of the base case model. It is evident 
from Fig. 5 that an increase in gas velocity expo-
nentially decreases the conversion and at low gas 
velocities, the conversion remains high due to the 
fact that the behavior of the bed remains close to 
fixed-bed conditions. The effect of gas velocity 

Ta b l e  3  – Comparison between K-L and two phase models for SCO of ammonia.

Model Parameters  K-L Model  Simple two phase 
model

Dynamic two phase 
model Units

Porosity at minimum fluidization, εmf  0.657  0.657  0.657

Min. fluidization velocity, Umf 1.48 1.48 1.48  cm s–1

Terminal velocity, Ut 71.050 71.050 71.050  cm s–1

Bubble size, db 4.86 4.86 4.86 cm

Velocity of Bubble Rise, Ub 55.630 55.620 55.620  cm s–1

Bubble fraction, δ  0.121  0.121  0.121

Volume of catalyst in bubbles, clouds, and 
emulsion, γb, γc, γe

0.01, 0.1806, 
2.27

Bubble cloud mass transfer coefficient, Kbc 4.93 4.93 4.93  s–1

Cloud-emulsion mass transfer coefficient, Kce 2.99 2.82 2.82  s–1

Overall transport co-efficient for a first order 
reaction, Kr

 2.241

Overall Exit Conversion (X)   0.1963   0.1718   0.1839

Specific reaction rate in bubble phase, kb     0.000858 Per unit vol of bubble

Specific reaction rate in cloud phase, kc  0.015 Per unit vol of bubble

Specific reaction rate in emulsion phase, ke  0.196 Per unit vol of bubble

Height of expanded bed 63.23 63.130 63.130 cm

F i g .  4  – Axial conversion profile of conversion for various 
models

F i g .  5  – Overall ammonia conversion as a function of super-
ficial gas velocity
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seems to be very significant at lower values (indi-
cated by the steepness of the curves) while at higher 
gas velocities it reaches an asymptote. The increase 
in gas velocity is expected to increase the bed height 
at expanded conditions due to increase in the bub-
ble fraction in the bed which may contribute to the 
increase in conversion. However, it would lead to 
an increased bubble size and hence a higher bubble 
rise velocity and thereby the reduction in gas resi-
dence time in the bed, the cumulative effect of 
which results in the reduction of overall conversion 
with increase in gas velocity. Furthermore, at lower 
gas velocities, the volume of gases flowing through 
the dense phase is higher than the gas exiting 
through the bubbles. Since the dense phase is more 
concentrated with catalyst particles, the rate of reac-
tion is higher in the emulsion than anywhere in the 
bed. The combined effect of gas velocity and mass 
transfer coefficient is better understood through the 
definition of the number of transfer units (NTU) 
given by Mostoufi et al.14 

  be
o

k HNTU U=  (1)

The mass transfer from bubble-to-cloud-to-
emulsion significantly affects the concentration pro-
files in the fluidized bed. It can be observed for the 
K-L model that the number of transfer units de-
creases significantly with increasing gas velocity 
indicating that the overall conversion would tend to 
decrease, as could be noticed in Fig. 6.

Under the range of superficial gas velocity in-
vestigated, it was found that the emulsion velocity 
is not much different from the minimum fluidiza-
tion velocity for all cases. This translates to similar 
mass transfer coefficient and number of transfer 
units for both the simple two-phase model and the 
dynamic model as shown in Fig. 6. Furthermore, at 
elevated gas velocities, it can be inferred that the 

predictions of even the K-L model approaches that 
of the two-phase models implying that the overall 
conversion tends to be solely in the bubbles rather 
than in the cloud or emulsion. The conversion rate 
is governed by the reaction kinetics in the emulsion 
phase for the simple two-phase while by both the 
phases for dynamic two-phase model.

4.2.2. Effect of bed diameter

Fig. 7 shows the effect of bed diameter on the 
overall exit conversion of ammonia while the other 
simulation parameters held constant as that of the 
base case simulation. It is well-known that the rate 
at which the reactants and products transfer in and 
out of the bubbles and the residence time of bubble 
in the bed affects conversion. It can be noticed from 
Fig. 6 that the conversion decreases with increase in 
bed diameter for all the hydrodynamic models. An 
increase in the bed diameter at a constant volumet-
ric flow rate of the gas phase is expected to reduce 
the effective fluidization velocity, resulting in lower 
bed height, and lower fraction of bubble in the bed 
leading to a drop in conversion. As expected, con-
version predicted by K-L model is higher than the 
dynamic two-phase model, which is higher than the 
simple two-phase model.

4.2.3. Effect of particle size and particle density

Fig. 8 shows the effect of bed particle size on 
conversion efficiency with the other simulation pa-
rameters same as the base case simulation and at a 
reaction temperature of 523 K. It should be noted 
that the bed particle and its properties represent the 
actual catalyst used in experimental study. It can be 
noticed that conversion increases with increase in 
particle diameter. It is worth mentioning that any 
change in particle size would increase bed density; 
however particle density would remain unchanged. 
As the particle size increases with other parameters 
being constant, the bubble fraction in the bed and 

F i g .  6  – Variation of the number of transfer units (NTU) with 
superficial gas velocity

F i g .  7  – Overall ammonia conversion as a function of bed 
diameter
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the bed height decreases, both of which would con-
tribute to lower conversion. However, at the same 
time, there is also a significant decrease in bubble 
velocity which consequently increases residence 
time and increases conversion. The decrease in bub-
ble velocity on increasing particle diameter could 
be attributed to the higher minimum fluidization ve-
locity at large particle sizes.

The effect of catalyst particle density on am-
monia conversion efficiency follows the same trend 
as particle size and has been illustrated in Fig. 9. At 
lower catalyst densities, the agreement between the 
three model predictions is better than at conditions 
of higher densities. At higher densities, the overall 
conversion tends to be closer to that of emulsion 
because of the higher concentration of catalyst par-
ticles in the dense/cloud phase rather than the bub-
ble phase. Moreover, comparing the values of DTP 
and K-L models, it can be inferred that K-L model 
predicts higher conversion for a given particle den-
sity, possibly indicating the occurrence of reaction 
in the cloud phase (immediately outside the bubble) 
rather than in the emulsion.

Conclusions

This study focuses on modeling the catalytic 
conversion of ammonia using bubbling fluidized 
bed by three different and widely used hydrody-
namic models. The flow models predict the overall 
conversion of ammonia using mathematical equa-
tions describing mass transfer and reaction rates. 
The basic difference between the three hydrody-
namic models lies in the way the fluidized bed is 
described. Comparison between the predictions 
from the proposed models with the limited experi-
mental data available for the reaction system proved 
satisfactory. After validation, the three models were 
tested against various hydrodynamic conditions like 
superficial gas velocity, bed diameter, particle size, 
and bed density. Although the three models showed 
deviations from each other, the qualitative trend on 
each of the parametric effects were similar and in 
good agreement with theoretical predictions. The 
present model can be extended to investigate any 
first-order gas-solid catalytic reaction system in flu-
idized bed.
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L i s t  o f  s y m b o l s

Umf – minimum fluidization velocity, m s–1

Ue – emulsion velocity, m s–1

Uo – superficial gas velocity, m s–1

Ubr – bubble rise veloctiy, m s–1

Ut – terminal velocity, m s–1

εmf – voidage at minimum fluidization 
ε – average bed voidage 
εb – average bubble voidage 
εe – average emulsion voidage 
α – overall conversion of ammonia 
DAB – gas diffusion coefficient, m2 s–1

NTU – number of mass transfer units 
τ – reciprocal of space velocity 
H – height of unexpanded bed m
z – distance above the distributor plate m
δ – bubble fraction in fluidized bed 
γb – distribution of catalyst in bubble phase 
γc – distribution of catalyst in cloud phase 
γe – distribution of catalyst in emulsion phase 
Cavg – average concentration, mol L–1

db – bubble diameter m
dbm – maximum bubble diameter m
dt – bed diameter m

F i g .  8  – Overall ammonia conversion as a function of parti-
cle diameter

F i g .  9  – Overall ammonia conversion as a function of parti-
cle density



P. KANNAN et al., Computer Simulation of Catalytic Oxidation of Gaseous Ammonia in…, Chem. Biochem. Eng. Q., 27 (4) 407–415 (2013) 415

ds – diameter of solid particles m
kcat – overall reaction rate constant, s–1

kb – reaction rate constant in bubble phase, s–1

kc – reaction rate constant in cloud phase, s–1

ke – reaction rate constant in emulsion phase, s–1

RAb – reaction rate of species A in bubble phase, 
mol g–1 s–1

RAc – reaction rate of species A in cloud phase, 
mol g–1 s–1

RAe – reaction rate of species A in emulsion phase, 
mol g–1 s–1

kbe – bubble-to-emulsion gas interchange coefficient, s–1

kbc – bubble-to-cloud gas interchange coefficient, s–1

kce – emulsion-to-cloud gas interchange coefficient, s–1

μg – viscosity of gas Pa s
g – acceleration due to gravity, m s–2

ρs – density of solid particles, kg m–3

ρg – density of gas, kg m–3

Res – Reynolds number 
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