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Résumé 

Les systèmes flottants de production, stockage et de déchargement (FPSO) ont été introduits 

dans les secteurs d'exploitation des hydrocarbures offshore en tant qu'outils facilement 

déplaçables pour l’exploitation de champs de pétrole et de gaz de petites ‘a moyenne tailles 

ou lorsque ceux-ci sont éloignés des côtes ou en eaux profondes. Ces systèmes sont de plus 

en plus envisagés pour les opérations de traitement et de raffinage des hydrocarbures à 

proximité des sites d'extraction des réservoirs sous-marins en utilisant des laveurs et des 

réacteurs à lit fixe embarqués. De nombreuses études dans la littérature pour découvrir 

l'hydrodynamique de l'écoulement polyphasiques dans des lits garnis ont révélé que la 

maîtrise de tels réacteurs continue d’être un défi quant à leur conception /mise à l'échelle ou 

à leur fonctionnement. De plus, lorsque de tels réacteurs sont soumis à des conditions 

fluctuantes propres au contexte marin, l'interaction des phases devient encore plus complexe, 

ce qui entraîne encore plus de défis dans leur conception. 

Les travaux de recherche proposés visent à fournir des informations cruciales sur les 

performances des réacteurs à lit fixes à deux phases dans le cadre d'applications industrielles 

flottantes. Pour atteindre cet objectif, un simulateur de mouvement de navire de type 

hexapode avec des mouvements à six degrés de liberté a été utilisé pour simuler les 

mouvements des FPSO tandis que des capteurs à maillage capacitif (WMS) et un tomographe 

à capacitance électrique (ECT) couplés avec le lit garni ont permis de suivre en ligne les 

caractéristiques dynamiques locales des écoulements diphasiques. L'effet des inclinaisons et 

des oscillations de la colonne sur le comportement hydrodynamique des lits garnis 

biphasiques a été étudié, puis les résultats ont été comparés à leurs analogues terrestres 

correspondants (colonne verticale immobile). De plus, des stratégies opérationnelles 

potentielles ont été proposées pour atténuer la maldistribution des fluides résultant des 

oscillations du lit ainsi que pour intensifier le processus de réactions dans les réacteurs à lit 

fixe. Parallèlement aux études expérimentales, un modèle Eulérien CFD transitoire 3D a été 

développé pour simuler le comportement hydrodynamique de lits garnis polyphasiques sous 

des inclinaisons et des oscillations de colonnes. Enfin, pour compléter le travail expérimental, 

une étude systématique a été réalisée pour étudier les performances de capture de CO2 à base 

d'amines d’un laveur à garnissage (en vrac et structuré) émulant une colonne à bord des 
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navires/plates-formes flottantes offshore. Outre l'acquisition de connaissances approfondies 

sur l'influence des mouvements de translation et de rotation sur les écoulements 

polyphasiques en milieu poreux, les secteurs pétrolier et gazier et l'industrie navale 

bénéficieraient des résultats de ce travail de conception et de mise à l'échelle des réacteurs 

industriels et épurateurs. 



 

v 

 

Abstract  

Floating production storage and offloading (FPSO) systems have been introduced to offshore 

hydrocarbon exploitation sectors as readily movable tools for development of small or remote 

oil and gas fields in deeper water. These systems are increasingly contemplated for onboard 

treatment and refining operations of hydrocarbons extracted from undersea reservoirs near 

extraction sites using embarked packed-bed scrubbers and reactors. Numerous efforts in the 

literature to uncover the hydrodynamics of multiphase flow in packed beds have disclosed 

that such reactors continue to challenge us either in their design/scale-up or their operation. 

Furthermore, when such reactors are subjected to marine conditions, the interaction of phases 

becomes even more complex, resulting in further challenges for design and scale-up. 

The proposed research aims at providing important insights into the performance of two-

phase flow packed-bed reactors in the context of floating industrial applications. To achieve 

this aim, a hexapod ship motion simulator with six-degree-of-freedom motions was 

employed to emulate FPSO movements while capacitance wire mesh sensors (WMS) and 

electrical capacitance tomography (ECT) coupled with the packed bed scrutinized on-line 

and locally the two-phase flow dynamic features. The effect of column tilts and oscillations 

on the hydrodynamic behavior of multiphase packed beds was investigated and then the 

results were compared with their corresponding onshore analogs. Moreover, potential 

operational strategies were proposed to diminish fluid maldistribution resulting from bed 

oscillations as well as for process intensification of heterogeneous catalytic reactions in 

packed-bed reactors. In parallel with the experiment studies, a 3D transient Eulerian CFD 

model was developed to simulate the hydrodynamic behavior of multiphase packed beds 

under column tilts and oscillations. Ultimately, a systematic experimental study was 

performed to address the amine-based CO2 capture performance of packed-bed scrubbers on 

board offshore floating vessels/platforms. Apart from gaining a comprehensive knowledge 

on the influence of translational and rotational movements on multiphase flows in porous 

media, oil and gas sectors and ship industry would benefit from the results of this work for 

design and scale-up of industrial reactors and scrubbers. 
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1.1 Background 

Since world energy demand is continuously increasing, offshore oil and gas field 

exploitations have been significantly extending towards deeper water and more remote areas 

which were previously thought nonviable to develop economically.1,2 Among proven 

reserves of natural gas in the world, almost one half of the gas reserves are found as stranded 

gas in offshore fields for which development remained uneconomical owing to the 

remoteness of the potential markets, the lack of economic transportation and infrastructure, 

and the lack of conversion technology.3 Moreover, by dramatic decreasing rate of discovery 

of new giant fields and growing demand for natural resources, the development of smaller 

oil and gas fields is virtually indispensable. Accordingly, there is growing interest in 

developing and monetizing of oil and gas fields in far offshore where costly pipeline 

infrastructures to onshore facilities is impractical; especially, for marginal oil and gas fields 

with limited recoverable reserves and a small number of wells.1,4 Figure 1-1 illustrates 

technologies adoption based on the displacement of oil and gas exploitation toward more 

remote water of the continents. 

 

 

Figure 1-1 Technologies adoption to fit with deeper sea5 
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In the context of offshore activities in deep seas or areas far off continental shores, the main 

players in oil and gas exploration have been employing technologies such as deep draft semi-

submersible, semi-submersible rigs, extendable draft or tensioned leg platform, single-point 

anchor reservoir, floating production storage and offloading (FPSO), and floating liquefied 

natural gas (FLNG).6,7 Amidst the technologies currently in deployment, FPSO and FLNG 

are breakthrough innovations which integrate extraction, production, and storage operations 

on the same floating system, as shown in Figure 1-2. Hence, they qualify for reducing the 

minimum economic field size as well as making possible the development of small or remote 

oil and gas fields in deeper water while circumventing the burden of costly hyphenating 

pipelines to onshore refineries such as in traditional schemes.1 As a corollary, timely 

procurement of ready-to-use hydrocarbon products directly from ship to market is emerging 

as a new economic model in this market niche. 

 

 

Figure 1-2 Typical FPSO modules layout8 

 

In addition to the easily movable and re-locatable features of FPSOs, they can be time- and 

cost-effectively constructed by retrofitting a range of existing oil carriers and tankers.7 Since 

the first transformation of LNG carrier into FLNG unit in 2007, the number of construction 

projects of oil and natural gas FPSO units planned by 2015 has skyrocketed to ca. one 

hundred vessels in construction.7,9 To place FPSO in context with numbers, the Agbami 

FPSO (320 m long and 59 m in breadth) produces 250 Mbpd of crude oil and 450 MMscfpd 

of gas while it can store ca. 2.3 MMb of products.3 Deployable in deep water production to 

depths down to 1500 m,10 FPSO vessels bring together a large number of processing units 
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especially for hydrocarbon treatment operations.11 These operations effectively take 

advantage of seaborne transport of crude oil to produce en route a range of fuels and 

petrochemicals using onboard scrubbers and reactors similar to those in operation in onshore 

aboveground facilities.12 The business model of FPSO and FLNG appears to considerably 

simplify distribution of products to the different markets to sell them with attractive profit 

margins. By virtue of these particularly outstanding characteristics, FPSO is progressively 

being employed by oil and gas sectors (Figure 1-3). 

 

 

Figure 1-3 Growth of FPSO9  

 

Nevertheless, the floating production units or so-called mini-refineries encounter remarkable 

technical challenges stemming from wind and wave actions on sea. A free-floating vessel has 

six degrees of freedom of motion including translational (surge, sway, and heave) and 

rotational (roll, pitch, and yaw) motions, as shown schematically in Figure 1-4. Meanwhile, 

in a specific mooring arrangement, some of these degrees can be neglected. For example, 

FPSOs with turret at the bow solely have roll, pitch, and heave motions.13 
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Figure 1-4 Ship motion degrees of freedom 

 

Harnessing the operation of such vessels onboard floating systems requires implementation 

of efficient corrective measures to counter or to anticipate any performance deviation with 

respect to the well-trodden land-based treatment units. Offshore oil and gas industries have 

been widely using packed beds either as two-phase contactors or scrubbers for onboard 

treatments due to their simplicity in construction, large production volumes, and even more 

importantly reduced rocking effect caused by wave action.14,15 However, ship motions 

imposed on operating packed beds may have drastic impacts on the performance of units, 

and thus being away of capacity and product specifications. Therefore, controlling and 

predicting the efficiency and performance of offshore facilities by accounting for the 

contribution of marine swells opens up formidable opportunities for fundamental and applied 

research. More specifically, experimental and theoretical studies regarding the effect of 

floating vessel motions on the performance of packed-bed reactors and scrubbers on board 

are mandatory. 

1.2 Gas-Liquid Packed Beds 

Multiphase packed beds consist of a column randomly packed with solid particles throughout 

which gas and liquid phases flow in cocurrent downward (trickle-bed reactors), in cocurrent 
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upward (packed-bubble columns), or in countercurrent mode of operation (Figure 1-5). 

Packed-bed reactors are widely applied in various processes i.e., petroleum industry, 

chemical and petrochemical industries, and waste treatment. Selective hydrogenation of 

olefins, oxidation of glucose, hydrodesulfurization and hydrocracking of crude oil, Fischer-

Tropsch synthesis of hydrocarbons from synthesis gas, oxidation of phenol, wet air oxidation 

of waste water, and CO2 capture can be named as a few examples.16 

 

 

Figure 1-5 Schematic diagram of a trickle bed reactor16 

 

Trickle-bed reactor (TBR) is the most frequently employed reactors in industrial applications 

allowing the gas and liquid phases flow cocurrently in the gravity direction without any 

throughput restriction. In this reactor type, the trickling flow regime is preferred to provide 

high residence times in order to compensate for the slow intra-particle diffusion rates and to 

reduce phase interactions and thus, to lower the pressure drop.17 The necessity for complete 

external wetting of the catalyst as well as better radial and axial mixing than TBR demands 

the implementation of packed bubble-flow reactors. The cocurrent gas-liquid upflow mode 

of operation enhances heat transfer between the liquid and solid phases which in turn being 

highly useful in exothermic reactions where heat is required to be removed continuously from 

the reactor to avoid hotspot formation.16 On the other hand, countercurrent flow operation 

tends to maximize the driving force for gas-liquid mass transfer in conventional absorbers 

and provides the opportunity for in situ by-product separation in desulfurization processes in 
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petroleum refining.16 In the previous decades, comprehensive studies have been performed 

on these types of reactor and a huge literature has become available that unveils their 

hydrodynamic and reactive performance.16,18-20 

Among a number of complex phenomena influencing the performance of packed-bed 

reactors, the study of multiphase hydrodynamics of packed beds has received much attention 

in the past decade. This is due to the fact that early efforts to quantify the performance for 

reaction kinetics and the rate of mass and heat transfers depend on the prediction of reactor 

scale parameters related to flow regimes, pressure drop, liquid holdup, fluid distribution and 

dispersion.20 Hence, these parameters for gas-liquid packed beds are discussed in the 

following sections.  

1.2.1 Flow regimes 

Since solid particles are randomly arranged in packed beds, a complex network of throats 

and pores are generated inside of the bed. While the inception of flooding is of significance 

in the countercurrent mode of operation, the cocurrent flow of gas and liquid phases through 

such a pore network makes interactions between the fluid and particles more complex, 

resulting in different flow patterns.17 Depending on the packing characteristics, fluids 

velocities, and physio-chemical properties of gas and liquid phases, four distinct flow 

regimes are observed, namely, trickle flow, pulse flow, spray flow and dispersed bubbly flow 

regimes,21,22 as shown in Figure 1-6. In trickle flow regime, since gas and liquid flow rates 

are low, gas-liquid interaction is small and the liquid trickles on the surface of the particles 

in the form of rivulets and films while the gas phase occupies the remaining voidage.19 On 

the other hand, pulsing, dispersed bubbly and spray flow regimes are categorized as high 

interaction regime occurring at relatively high liquid/ and gas flow rates. 
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Figure 1-6 Schematic representation of the flow regimes in trickle-bed reactors23 

 

The pulse flow regime is identified via the intermittent traversing of liquid rich and gas rich 

zones through the bed. At relatively high liquid and gas velocities, flow paths between 

packing are blocked by liquid slugs and then followed by blowing off the slugs by the gas 

flow. Spray flow regime occurs at high gas and low liquid flow rates when liquid film on the 

surface of the solid particles is entrained by continuous gas phase in the form of droplets. 

Conversely, low gas flow rates and enough high liquid flow rates result in the bubble flow 

regime where a discontinuous gas phase in the form of bubbles moves within a continuous 

liquid phase. From a pragmatic viewpoint, TBRs are often operated close to the transition 

boundaries owing to better catalyst wetting and higher mass-transfer rates. Therefore, the 

importance of accurately identifying the flow regime boundaries, in particular trickle-to-

pulse flow regime, to industries for design and operation of industrial reactors attracted 

numerous researchers to work in this field. While some studies have focused on experimental 

methods to specify the transition boundaries, others ought to develop in situ mathematical 

models to estimate the trickle-to-pulse flow regime transition boundary.24-26 As an example, 

the flow regime map reported by Sie and Krishna (1998)27 is illustrated in Figure 1-7. 
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Figure 1-7 Flow regime map in trickle-bed reactors17 

 

1.2.2 Pressure drop and liquid holdup 

The two-phase pressure drop and liquid holdup are important parameters in the design, scale-

up and operation of trickle bed reactors. On account of their importance, extensive literature 

is found on correlations for the prediction of these hydrodynamic parameters. Dudukovic et 

al. (2002) and (2014)16,20 comprehensively reviewed and classified these correlations 

according to empirical, semi-empirical and phenomenological approaches in the 

development as well as reliability in different flow regimes. It was indicated that no 

correlation is distinctly superior to others, and then in order to estimate those hydrodynamic 

parameters for the system of interest, a good experience in using such correlations is required. 

Two-phase flow through porous media causes significant pressure drop in the packed bed. 

The flow resistance is mainly provoked by friction forces at the fluid-fluid and fluid-solid 

interfaces, inertial forces, turbulence, capillary forces, and gravity force. The significance of 

these forces is determined by the prevailing flow regime inside. While inertia of the fluid 

flows is the main source of pressure drop in the high interaction regimes, shear and capillary 

forces are marked as the foremost resistances to flows for the low interaction regime.28 The 

pressure drop and liquid holdup mutually affect each other in such manner that the 

augmentation of the liquid holdup causes more resistance to gas flow, thereby increasing 

pressure drop. 
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Two definitions can be found for liquid holdup in literature, total liquid holdup (volume of 

liquid per empty reactor volume) and liquid saturation (volume of liquid per void volume of 

bed). Liquid holdup can be divided to two parts: static liquid holdup and dynamic liquid 

holdup. The dynamic liquid holdup is the fraction of the liquid drained freely from the bed 

when the inlets to the reactor are shut off simultaneously while the static liquid holdup is the 

fraction of liquid retained between and around the contact points of the particles after 

draining. It is worthy of notice that the assigning names of dynamic and static may not be 

accurate since a part of the static holdup would contribute to the dynamic holdup and vice 

versa when liquid flows in the bed.29 Since many design parameters in packed-bed reactors 

such as mean residence time, catalyst wetting efficiency, mass-transfer coefficients, and 

reactants conversion are dependent on the liquid holdup, the precise measurement of this key 

parameter is mandatory. 

Different techniques have been implemented to measure liquid holdup in packed beds. The 

classic methods which have been used extensively by researchers are classified to draining, 

weighing and tracer methods. In draining method, liquid holdup is measured by collecting of 

the draining liquid when reactor inlet streams are shut off simultaneously.30 The weighing 

method calculates liquid holdup by weighing the reactor while liquid flows through the bed. 

Thereof, total liquid holdup and dynamic liquid holdup are obtained, respectively, by 

subtracting the weight of the dry bed and the pre-wetted drained bed.31 In tracer technique, 

liquid holdup is determined through analyzing residence time distribution (RTD) via the 

response curve of an impulse injection of tracer and then calculating liquid mean residence 

time.32-34 More details about the above techniques as well as a comprehensive literature 

review on their application in multiphase packed-bed reactors can be found in Aydin 

(2008a).28 

In last years, new time- or space-resolved measurement techniques have been developed to 

capture liquid holdup variations in packed beds. Typically, these methods are categorized to 

two main groups: invasive and non-invasive imaging techniques. Invasive measurement 

techniques like capacitance wire mesh sensor (WMS) are able to record instantly cross-

sectional liquid distribution images with high spatial resolution and without need to 

reconstruction algorithm.35 While the superior advantage of non-invasive instruments such 
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as electrical capacitance tomography (ECT) is to avoid disturbing fluid field texture, their 

data is exposed to sophisticated reconstruction algorithm besides suffering from low spatial 

resolution.36 Detailed information on invasive and non-invasive measurement techniques can 

be found in literature.37 

Recently, Hamidipour and Larachi, (2010)38 implemented a twin-plane ECT to study the 

hydrodynamics of gas-liquid cocurrent down- and up-flow packed beds. They demonstrated 

that by calibrating ECT between pre-wetted and flooded bed and employing the Tikhonov 

algorithm, ECT is able to capture accurately the dynamic liquid holdup variations inside the 

bed in different flow regimes. In parallel, Schubert et al., (2010)39 applied a capacitance 

WMS to investigate the liquid holdup distribution and liquid axial velocity distribution in the 

trickle bed cross section at different gas and liquid flow rates. Furthermore, in two 

independent works, Matusiak et al., (2010)36 and Bieberle et al., (2010)40 compared 

capacitance WMS with ECT and γ-ray computed tomography in the measurement of 

dynamic liquid distribution in the packed bed reactor. They reported that capacitance WMS 

is able to accurately measure the dynamic liquid holdup in the packed bed reactor and its 

intrusive effects are marginal in comparison with ECT and γ-ray computed tomography. 

1.2.3 Fluid distribution and dispersion 

Uniform distribution of fluid phase through the packing is among the most salient features 

for designing of packed-bed reactors. Gas-liquid maldistribution prevents complete 

utilization of catalyst which in turn diminishes productivity of reactor and prompts hot spot 

formation in reactors with exothermic reactions. While the design of distributor to ensure a 

uniform distribution of liquid in the inlet is crucial, flow distribution through packed beds is 

also a function of fluid properties, gas and liquid flow rates, particle size and shape, column 

length and diameter, and packing methodology.20 There is therefore the likelihood of 

redistribution of fluids with random paths within the packed beds.20,41,42 

In TBRs, depending on the operating conditions, different flow patterns, i.e., rivulet and film 

flow, have been exhibited (Figure 1-8). These flow patterns express the quality of liquid 

distribution in the bed.43 Typically, the demanded flow pattern in TBRs is the film flow which 
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provides more uniform liquid distribution and then, higher gas-liquid interaction. 

Nonetheless, many studies have shown that such a flow pattern is not dominant in trickle 

beds and filament flow ought to be prevailing.20 This is mainly contributed to non-uniform 

porosity distribution, liquid coring, and particles partial wetting.20 Uneven flows and back 

mixing lead to non-ideal flow in TBRs and deviations from plug flow. 

 

 

Figure 1-8 Schematic representation of liquid flow patterns during trickle-flow regime in 

TBRs: (a) particle-scale film flow, (b) particle-scale rivulet flow, (c) beds scale film flow, 

and (d) bed-scale rivulet flow (filament flow)43 

 

The traditional method to investigate flow maldistribution and deviations from ideal flow 

pattern in packed-bed reactors is measurement of RTD. The observation of bimodal 

distribution in RTD curves has been ascribed to phase segregation and coexistence of rivulet 

and film flow.17 In addition, by analyzing and interpretation of RTD data through a number 

of models available in literature, extent of deviations from plug flow can be specified. The 

axial dispersion model (ADM) with open-open boundary conditions is widely implemented 

to characterize non-ideality of packed-bed reactors, which represents all non-idealities of 

flow and mixing in terms of dispersion coefficient or Péclet number (Eqs. 1-4).44-46 Signals 

of the tracer concentration were fitted to the two-parameter ADM (Eq. 5) by employing the 

imperfect-pulse Aris method with non-linear fitting in the time-domain.47 
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Nowadays, thanks to new imaging techniques either invasive or non-invasive, the 

experimental study of the flow distribution and mixing behavior in multiphase reactors has 

been remarkably facilitated. Those techniques besides improving RTD studies are able to 

provide porosity distribution map as well as to measure local liquid holdups and velocity 

fields.20 Table 1-1 summarizes some of recent studies of this matter. 

Table 1-1 Recent studies on flow distribution and dispersion 

References System Distributor 
Measurement 

technique 
Studied parameters 

Llamas et al., 

(2008b)41 

Air-water, glass 

beads, dp = 2 mm, Hb 

= 130 cm, D = 30 cm 

One point, two 

points and ring 

type distributor 

Conductance 

WMS 

Distribution of liquid 

holdup 

Llamas et al. 

(2008a)48 

Air-water, porous 

alumina cylinders, (L 

= 4.3 mm, d = 1.2 

mm), Hb = 130 cm, 

D = 30 cm 

Perforated plate : 

uniform 

distributor, cross-

shaped distributor 

Conductance 

WMS 

Distribution of liquid 

holdup 

Hamidipour et 

al. (2009)42 

Air-kerosene, glass 

beads, dp = 2 mm, Hb 

= 160 cm, D = 5.7 

cm 

Nozzle: uniform 

distribution, point 

distribution 

ECT Distribution of liquid 

saturation, liquid holdup 

via RTD 
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Schubert et al. 

(2010)39 

Air-water, γ-

alumina, dp = 2.5 

mm, Hb = 135.5 cm, 

D = 10 cm 

Perforated plate Capacitance 

WMS 

Distribution of liquid 

saturation, liquid velocity 

distribution 

 

Matusiak et al. 

(2010)36 

Air-2-propanol, α-

alumina, dp = 3.2-4 

mm, Hb = 44 cm, D 

= 10 cm 

Plate with three 

liquid inlets 

ECT, 

Capacitance 

WMS 

Distribution of liquid 

saturation 

 

Hamidipour et 

al. (2010)38 

Air-kerosene, glass 

beads, dp = 1, 2 mm, 

Hb = 80 cm, D = 5.7 

cm 

central spray 

nozzle for liquid 

and small apertures 

for gas 

ECT Liquid holdup via RTD, 

distribution of liquid 

saturation, liquid velocity 

distribution 

 

Bieberle et al. 

(2010)40 

Air-water, α-

alumina, dp = 2.5 

mm, Hb = 40 cm, D 

= 10 cm 

Perforated plate  γ-CT, 

Capacitance 

WMS 

Axial and radial liquid 

distribution 

 

 

1.2.4 Chemical reaction 

In order to realize challenges in design and scale-up of packed-bed reactors and to develop 

appropriate models for predicting the reactor performance, chemical reactions should be also 

investigated along with hydrodynamics. In multiphase reactors, complexities of phase 

interactions necessitate the analysis of reaction rates and the correlation between reaction 

kinetics and hydrodynamic characteristics.16 Reactions in packed-bed reactors are usually 

categorized as liquid-phase limited reactions and gas-phase limited reactions. For liquid-

phase limited reactions, operation of reactors at higher liquid velocities enhances catalyst 

wetting and hence increases liquid-solid mass transfer; however, the augmentation of liquid 

velocity under conditions of gas phase reactant limitation reduces the reaction rate as a 

consequence of decrease of direct gas-solid contact.49 Hence, one can conclude that liquid-

limited reactions should be carried out in an upflow packed-bed reactor which provides 

complete catalyst wetting, whereas a downflow reactor where catalyst particles are partially 

wetted under the trickling flow regime is preferred for gas-limited reactions.50 It should be 

also noted that higher superficial liquid/gas velocities than trickle flow regime reduces the 

contact time between phases which in turn diminishes the conversion. Therefore, noteworthy 



 

15 

 

is that such strong correlation between hydrodynamics and reactions in multiphase reactors 

ought to be of importance to understand. 

As a benchmark reaction system, hydrogenation of α-methyl styrene (AMS) to cumene is 

commonly used to assess the influence of hydrodynamic features on the performance of 

downflow and upflow packed-bed reactors.50,51 This reaction is typically carried out on 

Pd/Al2O3 catalyst particles at room temperature and atmospheric pressure with sufficient rate 

and no formation of by-products.52 Since the solubility of hydrogen is low at atmospheric 

pressure, the system is considered as a gas-phase limited reaction. Meanwhile, the reaction 

is able to be run as liquid reactant limited and gas reactant limited through changing both 

hydrogen pressure and feed AMS concentration.50 An operation condition of atmospheric 

hydrogen pressure and high feed AMS concentration results in gas-phase limited reaction, 

whereas a liquid reactant limited condition can be achieved under high hydrogen pressure 

and low feed AMS concentration. Accordingly, the AMS hydrogenation can be as a good 

candidate in the laboratory scale to grasp mutual relationship of reactions and 

hydrodynamics. The knowledge of the intrinsic kinetics is essential for mass-transfer studies 

and simulation of a reactor. The intrinsic reaction rate of the hydrogenation of AMS has been 

investigated by a number of researchers. Amidst developed kinetic laws, the intrinsic reaction 

rate of Meille et al., (2002)53 is wildly used, since it covers a wide range of operating 

conditions. The reaction formula and rate are described as follows: 

6 5 3 2 2 6 5 3 2( ) CH ( )C H C CH H C H CH CH       1109 .H kJ mol     (6) 

2 2

2 2

0 2
.exp( ).
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H HA

H H

K cE
r k

RT K c
 

  (7) 

where k0 = 8.5 × 106 mol.s-1.g-1, Ea = 38.7 kJ.mol-1, KH = 1.4 × 10-2 m3.mol-1 for operating 

conditions of 0.5-100 wt % AMS, 0.1-0.6 MPa, and 273-320 K. 

Recently, Bauer et al.54 employed the reaction rate of Meille et al., (2002)53 for modeling and 

simulation of the hydrogenation of AMS in the monolithic and trickle-bed reactors. In the 

proposed mathematical model, the mass balance equations in three phases i.e., gas, liquid, 
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and solid, were solved numerically. After validation of the model using experimental data, a 

sensitivity analysis was carried out to understand the influence of operational conditions and 

reactor characteristics on conversion and selectivity. The simulation results revealed that the 

proposed model was able to predict successfully the reactors performance by applying 

appropriate mass-transfer correlations and the intrinsic kinetic rate. 

Packed beds operated with countercurrent gas-liquid flows through random or structured 

packings are commonly employed in distillation, extraction, and gas treatment as a means of 

improving efficient contact between the gas and liquid phases.55,56 The abatement of carbon 

dioxide (CO2) as a main greenhouse gas contributing to global warming from industrial waste 

gases widely rely on countercurrent gas-liquid packed beds. Chemical absorption of CO2 into 

aqueous alkanolamine solutions in packed-bed scrubbers is the most mature technology for 

CO2 removal from post-combustion flue gases and natural fuel gas streams.57-60 There are a 

huge amount of research studies dedicated to solvent-based CO2 separation in packed-bed 

columns.56,59 

For design, scale-up, and analysis of packed-bed scrubbers, reliable mass-transfer models 

ought to be developed. Among the various mass-transfer descriptors, namely, effective gas-

liquid mass-transfer area (ae), and liquid-side (kL) and gas-side (kG) mass-transfer 

coefficients, the first one is commonly applied to assess the performance of packed-bed 

contactors.61 Since the reaction between CO2 and monoethanolamine, a primary amine, is 

fast enough to be confined by the slower diffusion to the interface, the effective interfacial 

area becomes an important mass-transfer parameter controlling the absorption flux of CO2 

within packings.61 This is emphasized from the predictions of rate-based models for column 

design and process simulation, which expose sensitivity of mass-transfer fluxes to the value 

of effective area.62,63 Indeed, packing characteristics and multiphase flow dynamics influence 

the effective gas-liquid area in packed-bed scrubbers. Thus, a detailed knowledge focusing 

on the effect of packed-bed hydrodynamics on the effective area is of significance.  
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1.2.5 Process intensification 

As mentioned previously, packed-bed reactors may encounter severe fluid maldistribution, 

limited radial and axial mixing, and hot spot formation during operation under the trickling 

flow regime. The non-uniform liquid distribution would not wet efficiently all catalyst 

particles and then a large part of catalysts remains dry and unused. Accordingly, the 

performance of packed-bed reactors ought to be intensified either by operational methods or 

by the design of efficient reactors in order to ensure economic viability and environmental 

imperatives. 

1.2.5.1 Cyclic operation 

It has been recognized that subjecting the bed to the natural pulsing flow regime significantly 

enhances catalyst wetting efficiency and gas-liquid mass transfer. In such a high gas-liquid 

interaction regime, the formation of alternate gas and liquid rich zones will diminishes hot 

spots through the reactor.64 However, the pulse flow regime is achieved at the expense of 

high pressure drop and short residence time (relatively high liquid and gas superficial 

velocities). To take advantageous of both the pulse flow regime i.e., high mass transfer rate 

and low hot spot formation, and the trickle flow regime i.e., low pressure drop and high 

residence time, flow rate modulation as a process intensification tool has been proposed.65 In 

periodic operation, a continuous flow of one phase meets the other phase at the bed inlet 

which is periodically cycled between a low and a high flow rate (base/peak mode) or 

intermittently interrupted (on/off mode). Figure 1-9 depicts different cyclic operation 

strategies. The key parameters of the cyclic operation are as follows: 

1) Feed cyclic period (p) and base and peak times (tb, tp) 

2) Base and peak velocities (Ub, Up) 

3) Split ratio (SR = tp/(tp+tb) = tp/p) 

4) Barycentric velocity (U = (tpUp + tbUb)/(tp+tb)) corresponding to iso-flow 
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Figure 1-9 Different cyclic operation strategies: (a) liquid, (b) gas, (c) gas/liquid alternating70 

 

It is worthy of notice that the exploitation of periodic operations is not limited to minimize 

hot spots and increase mass transfer rate. Many studies are being carried out to discover the 

potential benefits of this unsteady operation on the hydrodynamics and chemical reactions in 

TBRs, as summarized some recent works in Table 1-2. 

 

Table 1-2 Cyclic operation studies in trickle beds 

References System studied Operational 

conditions 

Cycle strategy Aim of study 

Gancarczyk et 

al., (2014)66 

Nitrogen-water, 

glycerin, and 

methanol 

Glass beads, dp = 3, 

5 mm, Hb = 137 cm, 

D = 5.7 cm 

Room 

conditions 

Liquid cyclic, 

base-peak, slow 

and fast modes 

Hydrodynamics (Experimental 

and modeling of shock wave 

velocity) 

 

Hamidipour et 

al., (2013)67 

Air-kerosene 

Glass beads, dp = 3 

mm, Hb = 100 cm, 

D = 5.7 cm 

Room 

conditions 

Liquid, gas, and 

gas/liquid 

strategies, base-

peak and on-off, 

fast modes 

Hydrodynamics (Experimental 

and CFD simulation studies of 

liquid saturation and wave 

morphology) 

Wongkia et al., 

(2013)68 

Hydrogenation of 

styrene  

Pd/γ-alumina, dp = 

2 mm, Hb = 0.5 gr, 

D = 1.91 cm 

50-75 °C, 

1.5-2.5 MPa 

Liquid cyclic, 

on-off, slow and 

fast modes 

Reaction (Experimental studies of 

reaction enhancement) 

 

Schubert et al. 

(2010)37 

Air-water  

γ-alumina, dp = 3.2-

4 mm, Hb = 111.4 

cm, D = 10 cm 

Room 

conditions 

Liquid, gas, and 

gas/liquid 

strategies, on-

off, slow modes 

Hydrodynamics (Experimental 

studies of mal-distribution and 

liquid saturation) 
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Atta et al., 

(2010a)69 

Air-kerosene 

Glass beads, dp = 3 

mm, Hb = 160 cm, 

D = 5.7 cm 

Room 

conditions 

Liquid cyclic, 

base-peak, fast 

and slow modes 

Hydrodynamics (Experimental 

and CFD simulation studies of 

liquid saturation and wave 

morphology) 

 

Hamidipour et 

al., (2009)70 

Air-kerosene, air-

kaolin-kerosene 

Glass beads, dp = 3 

mm, Hb = 160 cm, 

D = 5.7 cm 

Room 

conditions 

Liquid, gas, and 

gas/liquid 

strategies, on-

off, slow and 

modes 

Hydrodynamics (Experimental 

studies of pressure drop, mal-

distribution, wave velocity, wave 

morphology, and reduction of 

fine deposition) 

 

Liu et al., 

(2009)71 

Air-kerosene 

Glass beads, dp = 

3.5 mm, Hb = 98 

cm, D = 14 cm 

Room 

conditions 

Liquid cyclic, 

on-off, slow 

mode 

Hydrodynamics (Experimental 

studies of mal-distribution, liquid 

holdup, wave morphology) 

 

Aydin, 

(2008b)72 

Air-water, air-

CTAB-water 

Glass beads, dp = 3 

mm, Hb = 107 cm, 

D = 4.8 cm 

25-75 °C, 

0.3-0.7 MPa 

Liquid cyclic, 

on-off, slow 

mode 

Hydrodynamics (Experimental 

studies of liquid holdup, liquid 

velocity, wave morphology, and 

trickle-to-pulse flow regime 

transition) 

 

Hamidipour et 

al., (2007)73 

Air-kaolin -

kerosene 

γ-alumina, dp = 2.7 

mm, Hb = 40-80 

cm, D = 5.7 cm 

25-75 °C, 

0.3-0.7 MPa 

Liquid, gas, and 

gas/liquid 

strategies, on-

off, fast, simi-

fast and slow 

modes 

Hydrodynamics (Experimental 

studies of pressure drop and 

reduction of fine deposition) 

 

Aydin et al., 

(2007)74 

Air-water, air-

CTAB-water 

Glass beads, dp = 3 

mm, Hb = 107 cm, 

D = 4.8 cm 

25-90 °C, 

0.3-0.7 MPa 

gas/liquid 

alternating 

strategies, fast 

modes 

Hydrodynamics (Experimental 

studies of pressure drop, liquid 

wave, and occurrence of foaming 

flow regime) 

 

 

1.2.5.2 Superimposed rotation of inclined configurations 

Recently, a novel inclined rotating tubular packed-bed reactor concept was suggested as an 

alternative to flow rate modulation for process intensification by Bieberle et al. 75 and Härting 

et al..76-78 The hydrodynamics of two-phase gas-liquid descending flows in the inclined 

rotating packed beds was comprehensively investigated using a compact gamma-ray 
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computed tomography system. It was observed that the inclination caused the separation of 

the gas and liquid phase with the liquid accumulating nearby the reactor bottommost region, 

whereas the rotation induced a wetting intermittency via periodic immersion of the catalyst 

in the liquid phase. Depending on gas and liquid flow rates, inclination angle, and rotation 

speed, four different flow regimes, namely, stratified, sickle, annular and dispersed flows 

were identified (Figure 1-10). These studies also revealed that as long as inclined rotating 

packed beds operate either in stratified or sickle flows, the pressure drop was lower compared 

to the conventional upright trickle beds. Predominantly, the liquid saturation in the inclined 

rotating packed bed was higher compared to the conventional TBR configuration, regardless 

of rotational velocity and inclination angle.77 

 

 

Figure 1-10 Evolving flow regimes in the inclined rotating packed bed75 

 

Furthermore, the effect of reactor inclination angle and rotational speed on the mean liquid 

residence time and the axial dispersion coefficient was studied using the impulse tracer 

injection method. The results revealed that the augmentation the tilt angle at a constant 

rotational velocity was associated with the increase of the liquid residence time owing to the 

lowered downhill-slope force. Conversely, the reactor rotation decreased the residence time 

at constant angle resulting from higher gas–liquid interactions. In addition, the higher 

rotational speed of the inclined bed increased liquid axial dispersion coefficients.76 

In order to put this new reactor concept into practice, Härting et al. 78 performed reactive 

experiments in the inclined rotating packed beds. Hydrogenation of α-methylstyrene to 

cumene which exhibits exothermic reaction and sever mass transfer limitation for gas phase 

was selected as the reaction system. It was revealed that the stratified and the sickle flow 
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regimes enhanced the reaction rate in virtue of periodic wetting of the catalyst. During 

immersion, fresh liquid was transported to the catalyst surface and the reaction products were 

removed. On the other hand, the gas phase had improved access to the drained catalyst 

clusters, which was beneficial for gas-limited reactions. Noteworthy is that the whole fixed 

bed was submitted to the wetting intermittency; hence, a complete utilization of the catalyst 

was achieved. Such a periodic wetting was also able to curb the reactor temperature. 

1.2.6 Modeling and simulation 

A validated model can considerably enhance our understanding of the complex 

hydrodynamics of multiphase flows in packed-bed reactors and its interactions with chemical 

reactions. Moreover, a comprehensive sensitivity analyses can proceed with the simulation 

without performing costly and time-consuming experiments. Then those influential 

parameters in the reactor performance can be optimized to achieve maximum productivity.67 

Although packed-bed reactors are well-known for their simplicity and cost-effectiveness, 

design and scale up of such a reactor are quite challenging tasks for process engineers. It is 

due to poor understanding of interactions between key hydrodynamic parameters such as 

pressure drop, liquid holdup, and gas-liquid distribution and their contributions on reactions 

proceeding inside the bed. In light of modeling and simulation, those interrelations would be 

manifested, and consequently several intermediate pilot scales can be set aside.79 

The early efforts for modeling the hydrodynamics of trickle beds were to develop empirical 

correlations to fit experimental data. However, recently some phenomenological approaches 

based on flow patterns in the pore scale have been addressed to describe the hydrodynamics. 

Theoretical models namely the relative permeability model, slit model, double slit model, 

and fundamental force balance model are the ones commonly established to predict complex 

interphases interactions in porous media. An exhaustive review on the theoretical models and 

their characteristics can be found in Wang et al..80 Larachi et al. 81 examined the predictability 

of two-phase pressure drop and liquid holdup for different phenomenological models using 

a large database for the trickling flow regime. The mean relative errors between 12% and 

20% for liquid holdup predictions and 35% and 74% for pressure drop were reported 

depending on the implemented model. It was concluded that all models performed almost 

equally well and can be employed to forecast liquid holdup. 
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For the sake of resolving the local fluid distributions and velocity fields in packed beds, 

computational fluid dynamics (CFD) as a promising numerical tool are being used 

extensively to scrutinize phases interactions and chemical species transport and reactions. A 

validated CFD-based packed bed models can track local distributions of fluid and hot spots 

through the bed besides evaluating the influence of operating conditions and reactor 

geometry.20 

Researchers have been following different approaches for CFD simulations of trickle beds, 

e.g., two-fluid Eulerian porous media approach and Eulerian multi-fluid approach. In the 

former approach, the Eulerian method treats the gas and liquid phase as mutually interacting 

interpenetrating continua, whereas the porous media approach modeled implicitly the solid 

phase through gas-solid and liquid-solid interaction forces consisting of viscous and inertial 

terms. The Eulerian multi-fluid approach, on the other hand, models solid particles as 

interpenetrating continuum phase together with the gas and liquid phases. Thus, gas, liquid, 

and solid phases are mathematically treated as interpenetrating continua and mass and 

momentum conservation equations have similar structures for all phases. 

The Eulerian multi-fluid framework has been predominantly used for CFD simulation of 

multiphase flow in trickle beds. The exchange coefficients of mass, momentum, and energy 

are considered for coupling of fluid phases. The above-mentioned phenomenological models 

(e.g., relative permeability model and fundamental force balance model) are often taken into 

account as constitutive equations for momentum exchange in CFD simulation of TBRs 

wherein the drag forces are associated with the physical properties of fluids and solid and the 

key hydrodynamic parameters.80,82 The volume-averaged mass and momentum balance 

equations for the phase q as well as the theoretical closure model or the so-called fundamental 

force balance model developed by Attou et al. 83 which have been widely used for CFD 

simulation of TBRs are written as follows: 

Continuity equation: 

 

    0q q q q qv
t
   


 


, q = g, l, s (8) 
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1g l s      (9) 

 

Sm is the source term due to phase changes and user-defined sources. 

Momentum equations: 
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These conservation equations can be solved using available commercial software such as 

ANSYS Fluent and ANSYS CFX (ANSYS Inc., USA) in the Eulerian multiphase 

framework. Table 1-3 summarizes some recent studies applied CFD for modeling and 

simulation of trickle-bed reactors. 

Table 1-3 CFD studies of trickle beds 

References System 

characteristics 

Framework and 

drag force model 

Operating 

conditions 

Studies 

Janecki et al., 

(2014) 

Nitrogen-water and 

glycerol 

Euler-Euler 

approach, 

Room 

condition 

Liquid holdup distribution 

and pressure drop in a 
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Glass beads, dp = 3 

mm, Hb = 135 cm, D = 

5.7 cm 

fundamental force 

balance model 

two-dimensional 

axisymmetric TBR 

 

Hamidipour et 

al.  

(2013) 

Air-kerosene 

Glass beads, dp = 3 

mm, Hb = 100 cm, D = 

5.7 cm 

Euler-Euler 

approach, 

fundamental force 

balance model 

Room 

condition 

Liquid, gas, and gas/liquid 

alternating strategies in 

one, two, and three-

dimensional TBR 

 

Atta et al.  

(2010) 

Air-kerosene 

Glass beads, dp = 3 

mm, Hb = 160 cm, D = 

5.7 cm 

Euler-Euler 

approach, relative 

permeability 

model 

Room 

condition  

 

Liquid cyclic operation in 

a two-dimensional 

axisymmetric TBR 

Boyer et al., 

(2007) 

Nitrogen-water, 

heptane, cyclohexane, 

iso-hexadecane 

Glass beads, Alumina 

cylinder, trilobe, and 

spheres dp = 1-2.6 mm 

Hb = 130 cm, D = 5.0 

cm 

Euler-Euler 

approach, 

fundamental force 

balance model 

0.45-1 

MPa 

Liquid holdup and 

pressure drop in a one-

dimensional TBR 

 

Atta et al., 

(2007b) 

Air-water 

Glass beads, dp = 2 

mm, Hb = 70 and 130 

cm, D = 1.14 and 30 

cm 

Euler-Euler 

approach, relative 

permeability 

model 

Room 

condition  

Liquid mal-distribution in 

three-dimensional TBR 

with two distributors 

Gunjal et al., 

(2003) 

Air-water 

Glass beads, dp = 3 

and 6 mm, Hb = 105 

cm, D = 10 cm 

Euler-Euler 

approach, 

fundamental force 

balance model 

Room 

condition 

Liquid distribution and 

RTD in two and three-

dimensional TBRs 

 

1.3 Objectives 

Gas-liquid packed-bed reactors are widely applied in the petroleum industry, chemical and 

petrochemical industries, and waste treatment processes. An adequate understanding of the 

hydrodynamic parameters is essential for their design, scale-up and performance prediction. 

Hence, comprehensive studies were performed in such reactors in the previous decades to 
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reveal their hydrodynamics and its influence on proceeding chemical reactions. Despite a 

growing significance in the area of FPSO applications, research activities focusing on the 

performance of multiphase packed-bed reactors/scrubbers on offshore floating platforms 

remain, as far as open literature is concerned, an uncharted territory. To the best of our 

knowledge, studies emulating reactor/contactor motion with relevance to marine use limited 

to the effect of roll motion while hitherto disregarding coupled or single effects stemming 

from other ship degrees of freedom, i.e., surge, sway and heave (translations), and pitch and 

yaw (rotations). This motion was simulated by means of the crank mechanism on a rolling 

assembly for marine applications of circulating fluidized beds for sulfur removal and waste 

heat recovery.84,85 

To provide a comprehensive understanding into the effect of marine swells on the 

performances of floating production units, this work aims at examining experimentally and 

theoretically the hydrodynamics and chemical reactions in laboratory-scale packed beds with 

different gas-liquid contacting modes embarked on a hexapod ship motion simulator and 

submitted to a variety of motion regimes. This PhD thesis is categorized into four key parts 

which are explained as follows: 

 Hydrodynamic characterization: Detailed experimental studies were carried out to 

characterize the hydrodynamic behavior of offshore floating packed beds with gas-

liquid cocurrent downflow and upflow modes of operation in terms of liquid 

saturation, bed overall pressure drop, gas-liquid distribution, flow regime transition, 

and deviation from liquid plug flow. To determine the liquid mean residence time and 

Péclet number, liquid residence time distribution (RTD) experiments were also 

performed by implementing a stimulus-response tracer pulse technique and using the 

axial dispersion model. A hexapod ship motion emulator being able to impose a 

variety of motion scenarios including translations (heave, surge, and sway), rotations 

(roll, pitch, and yaw), and combinations thereof to an embarked packed bed was 

employed to mimic FPSO movements. Capacitance wire mesh sensors (WMS) and 

electrical capacitance tomography (ECT) coupled with the packed bed were used to 

scrutinize on-line and locally the two-phase flow dynamic features and to detect the 
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tracer pulses. The effect of column permanent tilts as well as rotational and 

translational oscillations on the hydrodynamic performance of multiphase packed 

beds was investigated and compared with their corresponding stationary (onshore) 

analog configuration. Furthermore, maldistribution sensitivity and susceptibility of 

open-cell solid foams as prospective structured packings in floating columns subject 

to tilt and accelerations were interpreted through monitoring a fluid uniformity factor 

and comparing it with that corresponding to the conventional stationary upright 

configuration. Chapters 2-4 & 7 present the findings of these works. 

 Process intensification: Various cyclic operation strategies undergoing bed tilts and 

oscillations were examined to assess whether flow rate modulation can be used as a 

process intensification technique for offshore floating packed-bed reactors. The 

characteristics of liquid, gas, and gas/liquid alternating cyclic operations were 

analyzed in terms of liquid saturation, pressure drop, wave intensity and wave 

propagation velocity, and spatial liquid maldistribution in response to column tilts 

and motions. A twin-plane ECT and WMS were employed to track liquid wave 

propagation inside packed beds. Chapter 5 reported the outcomes of implementation 

of cyclic operation strategies in such unconventional packed beds. Furthermore, 

chapter 6 suggested a new low-shear rotating reactor concept for process 

intensification of heterogeneous catalytic reactions in cocurrent gas-liquid downflow 

and upflow packed-bed reactors. Exhaustive hydrodynamic experiments were 

conducted through embedded low-intrusive WMSs to properly evaluate potential 

advantages of this new reactor concept. The influence of rotational velocities on 

liquid flow patterns in the column cross-section, liquid saturation, pressure drop, 

regime transition, and liquid residence time and Péclet number was studied. Potential 

application of low-shear rotational operation for offshore floating packed-bed 

reactors was also discussed in chapter 7.  

 CFD modeling and simulation: In parallel with the experiment works, a 3-D 

transient Eulerian CFD model was developed to simulate the hydrodynamic behavior 

of multiphase packed beds under column obliquity and unsteady cyclic operation. 

Moreover, the CFD-based model was mounted on moving reference frame and 

sliding mesh techniques to elucidate the dynamic features of gas-liquid flows inside 
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porous media under ship tilts and oscillations. Validation of the CFD simulation 

results was performed with experimental data provided by WMS and ECT imaging. 

In light of the validated CFD model, an exhaustive sensitivity analysis was performed 

to understand interrelations between hydrodynamic parameters and additional 

contribution of column oscillations on multiphase flow dynamics. The results of CFD 

simulations are presented in chapters 8 and 9. 

 Chemical reaction: Due to strong coupling between hydrodynamics and reactions in 

multiphase packed beds, one can speculate that reactions proceeding in the reactor 

can be affected by sea swells. Chapter 10 concerns the performance of packed-bed 

scrubbers onboard offshore floating platforms in chemical absorption of CO2 into 

aqueous alkanolamine solutions. In a systematic experimental study, the potential 

bottlenecks stemming from column tilts and oscillations on the mass transfer 

performance of the packed-bed scrubber were addressed in terms of effective gas-

liquid interfacial area, CO2 removal efficiency, and overall volumetric mass-transfer 

coefficient. 

Nomenclature 

c dimensionless concentration 

D reactor diameter, m 

Dax axial dispersion, m2/s 

dp particle diameter, m 

z dimensionless axial distance 

E1, E2 coefficients of drag force 

E distribution function for residence times 

F interphase force term, N/m3 

g gravitational acceleration, m/s2 
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H bed height, m 

P pressure, Pa 

Pe Péclet number 

t time, s 

U superficial velocity, m/s 

v velocity, m/s 

vt translational velocity, m/s 

Greek letters 

δ Dirac delta function 

ε bed porosity 

εq volume fraction 

θ dimensionless time 

μ viscosity, Pa.s 

ρ density, kg/m3 

τ stress tensor, Pa 

Subscripts 

b base 

g gas 

gl gas-liquid 

gs gas-solid 
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l liquid 

ls liquid-solid 

p particle, peak 

s solid 
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Downflow in Floating Packed Beds* 
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Résumé 

Une installation expérimentale innovante combinant un robot avec des mouvements à six 

degrés de liberté (translation: surtension, balancement, houle et rotation: roulis, tangage, 

lacet) et une colonne embarquée instrumentée avec un capteur à maillage capacitif a été 

construite pour étudier expérimentalement l'hydrodynamique à écoulement diphasique dans 

des milieux poreux à l'intérieur de lits garnis stationnaires et oscillants sous des écoulements 

gaz-liquide descendants à co-courant. Les écarts hydrodynamiques par rapport à la colonne 

verticla immobile ont été analysés minutieusement en termes de perte de charge du lit, de 

saturation du liquide, de changement de régime et de propriétés d'écoulement des pulsations. 

Les oscillations non inclinées ont eu des effets marginaux sur l'hydrodynamique du lit garni 

qui restait pratiquement similaire à celle qui prévalait dans les lits verticaux stationnaires. 

Inversement, les oscillations d'inclinaison influençaient profondément le régime 

d'écoulement à l'intérieur du lit du fait de la nature temporelle fluctuante des forces 

gravitationnelles et inertielles (accélération/décélération) provoquées par les oscillations 

rotationnelles de l’hexapode provoquant d'importants déplacements transversaux secondaires 

des fluides dans le lit. En utilisant l'analyse des moments des fonctions de densité de 

probabilité des séries chronologiques de saturation liquide, nous avons constaté que la 

transition vers le régime pulsé flux se déplaçait vers des vitesses de fluide plus élevées 

lorsque les périodes d'oscillation des mouvements de roulis ou de roulis + tangage 

augmentent. 
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Abstract 

An innovative experimental setup combining a robot with six-degree-of-freedom motions 

(translational: surge, sway, heave, and rotational: roll, pitch, yaw) and an embarked column 

instrumented with a capacitance wire mesh sensor was built to investigate experimentally the 

two-phase flow hydrodynamics in porous media within inclined stationary and oscillating 

packed beds under gas-liquid cocurrent descending flows. The hydrodynamic deviations with 

respect to the stationary straight column were thoroughly analyzed in terms of bed pressure 

drop, liquid saturation, regime changeover, and pulse flow properties. Non-tilting oscillations 

had marginal effects on the packed bed hydrodynamics which remained practically similar 

to the one prevailing in stationary vertical trickle beds. Conversely, tilting oscillations 

profoundly influenced the flow regime inside the packed bed as a result of the time-dependent 

nature of the gravitational and inertial (acceleration/deceleration) forces brought about by the 

hexapod rotational oscillations which caused important secondary transverse displacements 

of the fluids in the bed. Using moment analysis of the probability density functions of the 

registered liquid saturation time series, it was found that due to the periodic gravity-driven 

stratification, the transition to pulse flow shifted towards higher fluid velocities as the 

oscillation periods of roll or roll + pitch motions were increased. 
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2.1 Introduction 

The growing world demand for fossil fuels combined with the declining trend in discovering 

new giant onshore fields are increasingly driving the petroleum industry sector to develop 

and monetize oil and gas fields in off-shore areas. Exploitation of such fields has been 

significantly expanding towards deeper water and remoter offshore areas challenging 

common conceptions regarding uneconomic viability such as market remoteness, lack of 

economic transportation infrastructure and conversion technology.1,2 

Amidst the technologies currently in deployment in the context of offshore activities, floating 

production storage and offloading (FPSO) and floating liquefied natural gas (FLNG) are 

breakthrough innovations which integrate extraction, production, and storage operations on 

the same floating system.3,4 This technology’s tour de force rests on the fact that the minimum 

size of profitable offshore fields was pushed further downwards enabling development and 

servicing of small or remote oil and gas fields in deeper water while circumventing the burden 

of costly hyphenating pipelines to onshore refineries such as in traditional schemes.5,6 As a 

corollary, timely procurement of ready-to-use hydrocarbon products directly from ship to 

market is emerging as a new economic model in this market niche.  

Since the first transformation of LNG carrier into FLNG unit in 2007, the number of 

construction projects of oil and natural gas FPSO units planned by 2015 has skyrocketed to 

ca. one hundred vessels in construction.4,7 To place FPSO in context with numbers, the 

Agbami FPSO (320 m long and 59 m in breadth) produces 250 Mbpd of crude oil and 450 

MMscfpd of gas while it can store ca. 2.3 MMb of products.1 Deployable in deep water 

production to depths down to 1500 m,8 FPSO vessels bring together a large number of 

processing units especially for hydrocarbon treatment operations.9 These operations 

effectively take advantage of seaborne transport of crude oil to produce en route a range of 

fuels and petrochemicals using onboard scrubbers and reactors similar to those in operation 

in onshore aboveground facilities.10 The business model of FPSO and FLNG appears to 

considerably simplify distribution of products to the different markets to sell them with 

attractive profit margins. 
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Offshore oil and gas industries have been widely using packed beds either as two-phase 

contactors or as reactors for onboard treatment.11,12 Nevertheless, operating reactors or 

separation columns onboard floating production units or so-called mini-refineries are 

confronted to remarkable technical challenges. For example, controlling and predicting the 

efficiency and performance of offshore facilities by accounting for the impact of marine 

swells on their hydrodynamics opens up formidable opportunities for fundamental and 

applied research. In recent years, a great deal of efforts is being directed towards the design 

of suitable distributors and/or selection of appropriate packings and internals to minimize 

fluid maldistribution during ship motion.13-18 Other research groups have chosen to study the 

hydrodynamics prevailing inside stationary inclined packed beds –conjectured to be limiting 

column postures on a ship–19-21 or when packed columns are subjected to slow axial vessel 

rotations.22,23 

Two-phase segregation in inclined trickle beds and its dependency to tilt angle was 

investigated experimentally by Schubert et al. (2010).19 The results revealed that bed 

deviation from verticality prompted remarkable phase stratification accompanied with 

reduction in liquid saturation. Moreover, pulse flow regime properties such as pulse 

frequency and propagation velocity were found to decrease as compared to conventional 

vertical trickle beds. Atta et al. (2010)20 conducted, in parallel to Schubert al. (2010)19 

experimental work, numerical simulations to identify the main causes for stratification in 

tilted trickle beds. Among the several drag force closures in trickle beds (Wang et al., 2013),24 

use was made of the relative permeability model within an Eulerian computational fluid 

dynamics framework to capture the physics of local flow and liquid holdup distribution inside 

the slanted trickle beds. This study urged the need to formulate appropriate drag force 

closures to account for the observed segregated flow regime. Bouteldja et al. (2013)21 studied 

the hydrodynamics of slanted packed beds operated with cocurrent ascending gas-liquid 

flows. Segregation between gas and liquid was observed as in inclined trickle beds and was 

monitored through the change with bed tilt of the transition from bubble flow to segregated 

flow regimes. More recently, the hydrodynamics of two-phase gas-liquid descending flows 

in inclined rotating tubular fixed beds was comprehensively investigated using a compact 

gamma-ray computed tomography system by Bieberle et al. (2013)22 and Härting et al. 

(2015)23. Four different flow regimes, namely, stratified, sickle, annular and dispersed flows 
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were identified. These studies also revealed that as long as inclined rotating fixed beds 

operate either in stratified or sickle flows, the pressure drop was lower compared to vertical 

trickle beds. 

Besides fixed-bed multiphase configurations, the effect of inclination on flow regimes and 

circulation patterns in gas-solid and liquid-solid inclined fluidized beds was also addressed 

in a few studies.25-28 Fluidization of cohesive powders in inclined beds led to heterogeneities 

in the form of localized transition to bubbling regime in the vessel upper wall region.27 Even 

small inclination angles in inclined liquid-solid fluidized beds were found to be enough to 

yield measurable effects on the recirculation pattern of the granular phase.25 In addition to 

stationary inclined fluidization setups, the effects of rolling motion (rotation about ship 

longitudinal axis) on the hydrodynamics and heat transfer of marine circulating fluidized 

beds were thoroughly investigated.29-36 These experimental studies revealed that as in the 

static inclined configuration, the gravity-driven breach of flow field axisymmetry also 

prevailed under rolling with an added complexity of the flow pattern due to the riser periodic 

rocking: pressure drop increase with increased solids holdup at riser’s bottom, heat transfer 

augmentation along the walls29 and its declines inside the bed,33 and the decrease of the 

descending velocity of particles by increasing swing amplitude36. Moreover, Zhao et al. 

(2014)34 established a 3-D computational fluid dynamic discrete element method model for 

simulating marine circulating fluidized beds subject to ship motion rolling motion. In their 

numerical approach, the rolling fluidized bed motion was transformed into simple time-

dependent acceleration terms which were introduced in the form of body force terms in the 

corresponding phase momentum conservation equations. 

Acquiring comprehensive knowledge on the basic hydrodynamic properties of two-phase 

flow packed beds in the context of floating industrial applications is sine qua none condition 

to arrive to robust designs of these units in actual marine conditions. To achieve this aim, a 

laboratory-scale packed bed with descending gas-liquid cocurrent flows was installed on a 

hexapod ship motion simulator and subjected to a variety of motion modes, i.e., translational 

(heave, surge, and sway) motions, rotational (roll, pitch, and yaw) motions, and combination 

thereof to emulate the behavior of a floating packed bed reactor. A capacitance wire mesh 

sensor was positioned on the embarked packed bed to scrutinize on-line and locally the two-
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phase flow dynamic features stemming from the bed hydrodynamics in response to the 

various hexapod emulating motions. To assess the discrepancies prompted by the vessel 

motion for this class of flows, the hydrodynamic behavior of the packed bed limiting 

postures, i.e., stationary upright and inclined configurations, was also studied. 

2.2 Experimental 

2.2.1 Packed bed components  

The laboratory setup is schematically illustrated in Figure 2-1a. The experiments were carried 

out in a transparent Plexiglas column with internal diameter of 5.7 cm which was packed up 

carefully in a stepwise manner37 to a height of 140 cm with 3 mm glass bead particles 

resulting in an average bed porosity of 0.395. To prevent displacements of the glass bead 

particles with respect to the column referential either during motion or while the bed is tilted 

the packing was firmly immobilized between an uppermost gas-liquid distributor and a 

lowermost stainless steel retaining screen. To minimize initial maldistribution of phases, the 

distributor consisted of 9 capillaries (1 mm in diameter) for liquid feed and of 22 needle 

orifices (0.4 mm in diameter) for gas supply, shown in Figure 2-1b. Air and water were used 

as gas and liquid phases, respectively. The experiments were performed in cocurrent 

downflow mode at room temperature and atmospheric pressure over a wide range of gas and 

liquid superficial velocities extending from trickle flow regime to pulse flow regime. The 

system properties and the range of operating conditions are summarized in Table 2-1. The 

liquid flow rate was supplied and controlled by a peristaltic pump in the recycle-mode. The 

bed pressure drop was obtained from monitoring the oscillations of inlet pressure by means 

of a pressure gauge (model NOSHOK transmitter 100-30) while the bed exit was left open 

to the atmospheric pressure reigning in the room. Accordingly, the sensor displayed zero 

pressure when there was no gas and liquid flow rates through the column. Before performing 

any experiment, the packed bed was operated for at least 1 h in the pulse flow regime to 

ensure a perfectly pre-wetted bed according to Kan and Greenfield (1978)38 pre-wetting 

method. 
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Figure 2-1 Experimental setup depicting stationary-moving packed bed/wire mesh sensor 

/hexapod assembly (a) along with distributor details (b), and wire mesh sensor for liquid 

saturation measurements (c) 

 

Table 2-1 System characteristics and ranges of operating conditions 

Parameter Value/Range 

Reactor diameter, ID 5.7 cm 

Packed bed height 140 cm 

Bed porosity 0.395 

Spherical glass beads size 3 mm 

  

Liquid superficial velocity, UL 0.004-0.016 m/s 

Gas superficial velocity, UG 0.127-0.190 m/s 
 

2.2.2 Hexapod assembly 

The packed bed was firmly positioned on a hexapod platform (Figure 2-1a). The six degrees 

of freedom of ship motions including translational (surge, Y direction; sway, X direction; 

heave, Z direction) and rotational (roll around Y axis; pitch around X axis; yaw around Z 

axis) motions, as schematically shown in Figure 2-2a, are simulated and controlled by the 
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hexapod platform following programmable sinusoidal paths the parameters of which are 

displayed in Figure 2-2b. In addition to the abovementioned motions, superimposed out-of-

phase roll and pitch rotations were programmed for the present study. The video animations 

shown in Appendix A supplementary materials clearly illustrate the five types of column 

tested movements. In single-degree-of-freedom tests, roll and pitch are equivalent as well as 

sway and surge, thus only roll and sway were implemented. The experimental characteristics 

of the hexapod motions are summarized in Table 2-2, covering conditions of a floating vessel 

submitted to sea excitations.39,40 Moreover, to allow direct comparisons between 

conventional offshore and onshore configurations, static vertical (0°) as well as static inclined 

(15°) packed beds were also included in the studied protocols. A necessary softening delay 

of 5 s was allowed at the beginning and end of each motion sequence to reach the required 

position, speed and acceleration so as to allow the vessel position to return to zero. 

 

 

Figure 2-2 Ship motion degrees of freedom and hexapod emulated translational and 

rotational ship motions (a), single-degree-of-freedom sinusoidal path for hexapod motion (b), 

Inter-convertibility between lowermost and uppermost regions of the column for roll motion 

(RY) with respect to Y axis (c) 
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Table 2-2 Hexapod kinematic parameters during packed column motion 

Motion Period (s) Phase (°) Amplitude (mm or °) 

Roll (RY) 5.0/ 10.0/ 20.0/ 30.0 0  [-15 – +15°] 

Roll + Pitch 

(RY + RX) 

5.0/ 10.0/ 20.0 90° for RX & 0° for RY [-15 – +15°] & [-15 – +15°] 

Yaw (RZ) 5.0/ 10.0 0 [-15 – +15°] 

Heave (TZ) 5.0/ 10.0 0 [-200 – +200] mm 

Sway (TY) 5.0/ 10.0 0 [-250 – +250] mm 

 

2.2.3 Wire mesh sensor 

As shown in Figure 2-1c, a single-plane capacitance wire mesh sensor (WMS) installed 20 

cm above the packed bed outlet was employed to measure local liquid saturations and their 

corresponding cross-sectional averages. WMS is composed of two horizontal planes with 16 

parallel stainless steel wires of 0.4 mm diameter and 3.57 mm distance between them. The 

distance between upstream and downstream planes running as transmitter and receiver, 

respectively, is 1.5 mm. The wires of both planes were arranged at right angle resulting in 

162 reading points, among which 188 points fell inside the column circular cross-section. 

The area of each reading point (so-called pixel) represents a square of 3.57×3.57 mm2, apart 

from the overlapping pixels with the column wall for which only their areal fractions 

inscribed within the bed were taken into account. A great care was taken to minimize 

disturbances of the bed structure by the wire mesh sensor and by the column oscillations. To 

achieve this goal when packing the bed, the column section beneath the sensor was first filled 

with glass beads. Then the wire mesh sensor was mounted which was followed by careful 

addition of glass beads to fill up the interstices between the sensing wires and completing 

until the sensor’s was buried. As far as visual observations before, during and after column 

operation was concerned, the glass beads, especially those retained in the wire mesh sensor 

portion did not exhibit any noticeable displacement with respect to their initial state. The 

operating principle of WMS is based on measuring the fluid mixture capacitance within the 

gaps (or cross-point voxels) between all the sensing points. Such characteristic enables to 

build images of liquid volumetric distributions in the bed cross-sections using as a contrasting 

property the difference between gas and liquid electrical permittivity values nearby the WMS 

cross-point voxels. More detailed information on WMS principle, functionalities and data 
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processing can be found elsewhere.37,41,24 In this work, a sampling frequency of 100 Hz was 

found enough to capture the entire frequency pass-band of the hydrodynamic phenomena of 

interest. 

WMS was calibrated at reference measurements of the flooded bed (100% reference) and of 

the drained bed (0% reference). Using the so-called two-point calibration and a 

reconstruction procedure, the capacitance sensor signal was converted in time and spatial 

quantitative information.43 Afterwards, the calibration data were applied to calculate the 

dynamic liquid saturation, β, defined as volume of the collected liquid within a pixel divided 

by the pixel area and by the bed porosity (considering the pixel liquid saturation as a 

volumetric variable, the thickness of the corresponding voxel is 1.5 mm inter-plane distance). 

The resulting liquid saturation is the contribution that exceeds the residual (or static) liquid 

saturation as this latter corresponds to the lower-level reference in the calibration procedure. 

2.3 Results and Discussion 

2.3.1 Pressure oscillations 

The elementary/compound hexapod motion(s) described in Table 2-2 and acceleration(s) 

therefrom to be transmitted to the column are expected to bring specific signatures to the 

two-phase flow hydrodynamics inside the porous medium. Such signatures can be 

straightforwardly captured from observations of the pressure drop time series. Figure 2-3 

depicts the instantaneous variations of bed pressure drop when subjecting the column to 

different oscillation periods for sway (or surge, i.e., vertical column moving forward and 

backward, TY or TX), heave (vertical column sliding up and down, TZ), and yaw (vertical 

column wobbling around its revolution axis, RZ). The pressure drop measured for the upright 

trickle bed was also plotted for comparison. In all cases, the gas and liquid superficial 

velocities were constant. 
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Figure 2-3 Comparison of bed overall pressure drop for stationary upright packed bed and 

moving packed beds following (a) surge (or sway), (b) heave, (c) yaw motions with 5 s and 

10 s periods at UG = 0.190 m/s and UL = 0.005 m/s 

 

Pressure oscillations became particularly discernible as the sway (or surge) period shortened 

though hinting at the limited contribution of inertial forces gained by the fluids in response 

to column linear accelerations. Heave and yaw pressure signals, on the contrary, revealed 

that the two-phase flow remained more or less virtually indifferent to such types of oscillatory 

perturbations. However, translational oscillations whether normal or parallel to fluid streams 

in the column (Figure 2-3a,b) as well as wobbling the vertical column (Figure 2-3c) hardly 

shifted, for the imposed oscillation periods, the average bed pressure drop from the one 

prevailing for the vertical stationary vessel. 

Conversely, roll (RY) and roll + pitch (RY + RX) led to remarkable changes in terms of bed 

pressure drop. The main distinction between the two motions rests on the fact that, for the 

former, the column periodically comes across vertical positions (Figure 2-2c), whereas for 

the latter, it occupies permanently inclined postures while in rotation as can be figured out 
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from the animations in Appendix A. These differences in column sloping prompted specific 

dynamic patterns as reflected in the quasi-periodic variations of pressure drop illustrated in 

Figure 2-4 for the roll (a) and roll + pitch (b) motions. For comparative purposes under 

identical flow rate conditions, the solid and dashed lines shown in Figure 2-4 illustrate the 

pressure drops for the vertical and the 15°-tilted column (both motionless), respectively. 

 

 

Figure 2-4 Effect of different periods of motion on the bed overall pressure drop at UG = 

0.190 m/s and UL = 0.005 m/s for moving packed beds with (a) roll motion and (b) roll + 

pitch motion. Pressure drop for static vertical and 15°-tilted columns in same conditions are 

drawn for comparison 

 

By tilting the bed over one-quarter rolling period from +15° to 0°, the pressure drop evolved 

from minimum towards maximum reflecting progressive buildup from lowest to highest 

interactions (Figure 2-4a). The ensuing sequence for the next quarter, i.e., tilting from 0° to 

-15°, brought about just the opposite in terms of pressure drop evolution. Unlike the degrees 

of freedom excited above, the extent of interphase interactions now depends saliently on the 

oscillation period. As a general trend, decreasing the roll periods was accompanied with 

decreasing the oscillation amplitudes though at the expense of increasing the pressure drops 

(Figure 2-4a). The constringed amplitudes were ascribed to filtering effects of the high-

frequency components whereas inertial disturbances prompted by more frequent column 

acceleration/ deceleration episodes contributed to the increase of pressure drop. As the rolling 

motion quietened, there was a tendency for the pressure drops to slide below their vertical 

column analogs (solid line, Figure 2-4a) while the ±15° minima of the oscillating pressure 

drops neared the 15°-tilted column pressure drop (dashed line, Figure 2-4a). The same cannot 

be said of the maxima at the approach of verticality ~0° since the pressure drop peaks kept 
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noticeably lower than those corresponding to the static vertical column. This was ascribed to 

transient flow movements which, persisting in the rolling bed at its approach of vertical 

position, impeded attainment of fully developed gas-liquid flow characterizing the nearly 

steady-state pressure drop of the motionless vertical column (solid line, Figure 2-4a). 

Similarly, the roll + pitch motion caused nearly periodic oscillations in the bed overall 

pressure drop (Figure 2-4b). However, the alternating takeover of roll and pitch, due to their 

90° phase lag, appears to have yoked the gas-liquid flow in such a manner to result in 

markedly attenuated amplitudes as compared to roll motion alone. 

2.3.2 Liquid saturation oscillations 

Following the observations made earlier, the roll and roll + pitch motions were examined 

more closely by analyzing the cross-sectional liquid distributions obtained from WMS 

measurements. To highlight the connection between column angular oscillations and liquid 

transverse partition, four mutually-orthogonal regions adjacent to the wall were selected from 

the two-dimensional WMS slice for further analysis. The instantaneous liquid saturations 

were spatially averaged in each one of these regions, namely, RI, RII, RIII and RIV, as shown 

in Figures 2-5a1,a2 and 2-5b1,b2, respectively, for the roll and roll + pitch motions. The roll 

and pitch sine waves corresponding to the hexapod angular oscillations are also shown in 

these figures where time was expressed in proportion of the oscillation period (T (-) = 

time/period). The gas and liquid superficial velocities were kept constant. In all cases, RI-

RII and RIII-RIV lines were always mutually orthogonal, see in Figure 2-5 colored sectors 

(cyan-red) versus (green-yellow). Under roll motion, regions RI and RII alternated 

interchangeably from lowermost to uppermost positions as illustrated in Figure 2-2c when 

the column angular coordinate, θ, swept sequentially the [15° – 0°] and [0° – -15°] ranges. 

Such alternation is clearly depicted in Appendix A movies. On the other hand, the compound 

roll + pitch motion enabled more variability whereby each of the four regions occupied 

alternatively the uppermost and lowermost positions (see also Appendix A). 
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Figure 2-5 Liquid saturation time series in wall regions RI to RIV of same bed cross-section 

(WMS installed 20 cm before bed exit): sine period = 20 s, UG = 0.190 m/s and UL = 0.005 

m/s (a1) RI and RII regions, roll (a2) RIII and RIV regions, roll (b1) RI and RII regions, roll 

+ pitch (b2) RIII and RIV regions, roll + pitch. Also shown: 15°-amplitude sine wave for roll 

and pitch, cross-sectional liquid saturation for vertical stationary column, RI-RIV liquid 

saturation in 15°-tilted stationary column 

 

From Figure 2-5a1, it can be seen that the liquid saturations corresponding to RI and RII 

sides oscillated at diapason with column oscillations. The liquid saturation maxima in RI 

(lowermost position) and minima in RII (uppermost position) were basically in synchrony at 

the approach of the extreme angular position θ = +15° while the opposite trend was observed 

at θ = -15°. Indeed, by continuously changing the column angular coordinate over one-half 

period from +15° to -15°, regions RI and RII mutually permuted from uppermost to 

lowermost positions as depicted in Figure 2-2c resulting in virtually selfsame liquid 

saturation time series in phase opposition (180° shift) for the two regions. Interestingly, crests 

and troughs in the oscillating liquid saturations lacked similarity. High-frequency 

fluctuations reminiscent of pulses emerged in the crest neighborhood as a result of 

accumulation of liquid during rapid oscillations to the point to shift locally and momentarily 
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the flow regime to a pulsing flow. On the contrary, the liquid saturation at the trough evolved 

smoothly where its lower values precluded pulse formation. Furthermore, the liquid 

saturation maxima in RI (or RII) in Figure 2-5a1 coincided with the bed pressure drop minima 

in Figure 2-4a. This was interpreted as due to the gravity-driven flow reorganization whereby 

the column inclined postures, by preferentially pulling liquid to the lowermost region and 

gas to the uppermost region, tended to mitigate the intensity of gas-liquid interactions. The 

liquid saturation time series in the stationary 15°-tilted column were also shown for RI 

(lowermost) and RII (uppermost) regions as well as for the cross-sectional average in the 

case of the vertical stationary column (Figure 2-5a1). As can be seen from the smooth 

character of the liquid saturation time series, pulse flow regime was achieved in none of these 

three stationary cases. Column motion, hence, may initiate local pulsatile events despite pulse 

flow regime goes undetected in the stationary configurations for the same fluid flow rates. 

The disparities in liquid saturation vis-à-vis the stationary vertical column were significant 

and reflected the complexity of the column hydrodynamics under rolling motion. In addition, 

reliance on the stationary inclined columns, corresponding to the maximum angular 

amplitude, as a proxy to bracket the liquid saturation minima/maxima may prove unreliable, 

especially as regards the liquid saturation overshoot in RI region during rolling motion. The 

roll-induced spatial inhomogeneity in the crosswise liquid distribution is exemplified in 

Figure 2-5a2. Alternation in the elevations of RIII and RIV regions was almost nonexistent 

leading to nearly identical liquid saturation profiles in regions RIII and RIV in addition to 

being practically indistinguishable from those measured in the case of the 15°-tilted 

stationary column. Such spatial diversity in the cross-sectional liquid distribution as 

exemplified through regions RI-RIV led to the rich variability of the pressure signals shown 

in Figure 2-4a. The roll + pitch motion, on the contrary, caused notable liquid saturation 

oscillations over the four regions alike (Figure 2-5b1,b2) providing sense to the yoked flow 

alluded to earlier in the discussion of the pressure signals. Also, pulsatile events became 

manifest when each of the four regions approached the lowermost position.  

While WMS measurements objectified periodic behaviors of the zonal liquid saturation for 

the roll and roll + pitch motions, the oscillations went virtually undetected for the yaw, heave 

and surge (results not shown here) similarly to their corresponding pressure drop signals 

(Figure 2-3). The WMS liquid saturation measurements corroborated the fact that non-tilting 
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motions (yaw, heave, and surge) could be regarded as hydrodynamically effectless whereas 

tilting motions (roll and roll + pitch) were found to appreciably influence the flow regime 

inside the packed bed. In addition, these measurements helped ascertain gravity, besides 

inertia, as an important contributor to the column hydrodynamics under tilting motions. Apart 

from the principal axially advected fluid flows, angular hexapod movements unquestionably 

caused secondary transverse displacements of the fluids reflecting in liquid saturation 

oscillations in the bed crosswise planes. These secondary flows are prompted by time-

dependent gravitational and inertial (acceleration/ deceleration) forces in the course of 

hexapod oscillations. 

2.3.3 Flow regime transition 

The above experiments revealed that the flow regime prevailing in the moving packed bed 

could differ from the usual trickle flow or the stratified (or segregated/trickle) flow regimes 

which have been reported to take place, respectively, in the stationary vertical and inclined 

configurations.19 Therefore, the incidence of column oscillations on the shift of transition 

lines from low to high interaction regimes as described in conventional trickle bed 

diagrams44,45 is worthy of investigation. 

Various statistical methods are available to identify flow regime transitions in conventional 

trickle beds from time-series signal analysis, among which the coefficient of variation, CoV, 

has been widely used.46,47 This coefficient is usually computed as the ratio of the signal 

standard deviation (σ) normalized by the signal time-average. Higher-order moments such as 

skewness (3rd-order moment) and kurtosis (4th-order moment) can also be computed. 

Skewness assesses the lack of symmetry of the signal probability density function obtained 

from the analyzed signal time series. Positive (negative) skewness diagnoses symmetry 

breakage because of right (left)-sided tail.48 On the other hand, kurtosis senses whether the 

signal probability density function is peaked or flat as compared to a normal distribution. 

Distributions with higher kurtosis tend to have flatter tails or a distinct peak near the mean 

and those with lower kurtosis tend to have a flatter top near the mean. A normal distribution 

has a kurtosis of 3.48 In this study, these three statistics, CoV (Eq.1), skewness (Eq.2) and 
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kurtosis (Eq.3), are based on the analysis of the liquid saturation time series and are defined 

as follows. 
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Where βk is the instantaneous cross-sectionally averaged liquid saturation and N is the 

corresponding number of events in the observational time window. 

The packed bed was submitted to the roll and roll + pitch motions with the operating 

conditions described in Table 2-2. The flow regimes were identified through analyzing the 

abovementioned statistical parameters for the time series of the cross-sectionally averaged 

liquid saturations for a range of liquid superficial velocities at a constant gas superficial 

velocity. For comparative purposes, the flow regime changeover for the limiting cases of 

stationary upright and inclined positions was studied as well. As an illustration, the three 

statistical parameters were plotted in Figure 2-6 as a function of liquid superficial velocity 

for the selected motion scenarii with different periods as well as for the stationary upright 

and inclined packed beds. The onset of pulse flow regime was identified from unusual 

patterns in the evolution of the statistical parameters, i.e., CoV, skewness, and kurtosis, as a 

function of fluid throughputs. For example, when starting to monotonically increase with 
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liquid superficial velocity owing to instabilities arising from the generation of small local 

liquid pulses (dotted red circles in Figure 2-6). 

 

 

 

 

Figure 2-6 Identification of pulse flow regime transition from CoV (1), skewness (2) and 

kurtosis (3) of the probability density functions of the instantaneous spatially-averaged liquid 

saturations as a function of liquid superficial velocity at constant UG = 0.158 m/s for (a) 

stationary upright and 15˚ inclined positions; (b) roll motion at 5 s & 30 s periods; (c) roll + 

pitch motion at 5 s & 20 s periodst 

 

The CoV plots (Figure 2-6a1, b1, c1) allow the demarcation of two regions reflecting the low 

and high interaction regimes. The leftmost region in these plots corresponds to the trickle and 

segregated/trickle flow regimes. It is characterized by both the lowest CoV values and a weak 

dependence with respect to liquid superficial velocity. Inception of pulse flow regime is 

recognized when the CoV starts to monotonically increase with the liquid superficial 

velocity. For the stationary columns, a noticeable shift in the transition point towards higher 

liquid velocity was observed upon tilting the bed by 15° tilt (Figure 2-6a1). Delayed inception 
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of pulse flow regime in tilted beds is characteristic of the segregated/trickle flow regime. 

Indeed, formation of liquid-rich lowermost and gas-rich uppermost areas across the bed 

contributes to allay the intensity of gas-liquid interactions. These translate as a consequence 

in lesser liquid saturation fluctuations and thus lower CoV values. For the roll and roll + pitch 

motions (Figure 2-6b1, c1), the CoV values were remarkably higher compared to those for 

the static 15°-tilted bed subject to identical flow rates. Although the column came by the 

same limiting inclinations, i.e., ±15°, during roll and roll + pitch, the time-dependent inertial 

forces prompted by the hexapod acceleration/deceleration sequences tended to counter the 

periodic gravity-driven stratification. As expected, inertial forces tend to become 

marginalized at the expense of gravity with increasing the oscillation periods. This results in 

lowered CoV values and in delaying the inception of pulses mimicking the hydrodynamic 

behavior of quasi-stationary inclined bed. 

The above CoV plots were unable to discriminate the shift in regime transition resulting from 

changes in the period of roll and roll + pitch motions. This was unlike visual observations 

that revealed that the onset of pulsing occurred at different liquid superficial velocities 

depending on the motion period at a given gas flow rate. Variation of the liquid saturation 

skewness as a function of liquid superficial velocity was thus examined next (Figure 2-6a2, 

b2, c2). In whichever configuration of the bed, whether stationary or moving, trickle and 

segregated/trickle flow regimes are portrayed as flat-region skewness at low liquid velocity. 

Inception of pulse flow regime at the approach of the transition liquid superficial velocity 

reflected in a sharp increase of skewness. Such abrupt rise in skewness was interpreted as 

due to the broadening of the probability density function towards higher liquid saturation 

values. Upon progressive increase of liquid velocity, skewness underlined a decreasing trend, 

the pace of which was a complex function of column configuration. Unlike CoV, skewness 

enabled capturing the effect of column motion period on the shift of transition point. Shorter 

periods for roll and roll + pitch alike were more favorable to feed flow instabilities with 

energy to disrupt maintenance of the segregated/trickle flow regime characterizing the 

inclined bed (Figure 2-6a) thus the earlier inception of pulse flow regime in the case of the 

moving bed (Figure 2-6b2,c2).  
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Similar to skewness, the kurtosis plots (Figure 2-6a3,b3,c3) successfully identified the 

transition points for all the configurations. These are shown as maxima where the probability 

density function culminated as a steep peak with higher kurtosis. Furthermore, the decreases 

of kurtosis with increasing liquid superficial velocity can be attributed to the increase in pulse 

amplitude and number. Nevertheless, a kurtosis baseline corresponding to a value of 3 

purporting morphological properties of probability density functions akin to those of a 

normal distribution is clearly distinguishable from these plots. All the points falling on that 

baseline were either before or after the transition-point active zone (Figure 2-6a3,b3,c3). 

Interestingly, in the neighborhood of the transition point, if the stationary inclined bed 

showcased the least kurtosis deviations vis-à-vis the normal distribution, the stationary 

vertical bed exhibited the highest kurtosis contrasts while those for the moving bed 

configurations were intermediate. Here again, the kurtosis plots confirm that increasing the 

motion period–of either roll motion or roll + pitch motion– shifted the regime transition point 

to higher liquid velocity. Finally, the lower kurtosis (and skewness) values for the static 15° 

slanted bed and the larger-period moving columns can be ascribed to the lower liquid-gas 

interactions prompted by the gravity-driven stratification. 

The transition points from trickle and segregated/trickle to pulse flow regime were extracted 

from Figure 2-6 above and plotted in a UG versus UL flow regime diagram for different roll 

and roll + pitch periods along with the transition data for stationary upright and 15° inclined 

packed beds, see Figure 2-7a,b. For other operating conditions than those presented in the 

Figure 2-6, the transition points were extracted in the same method as Figure 2-6 and depicted 

in Figure 2-7 (the statistical parameters plots were not shown).The transition boundary was 

found to relocate towards higher liquid velocities with the slowing down of the periodic 

oscillations for both roll and roll + pitch motions. Broadening of the low-interaction region 

was due to the gravity-driven stratification which tended to increasingly outpace the opposing 

hexapod acceleration forces as the oscillation period was slowed down. Figure 2-6 reveals 

the gradual shift of the transition line towards the demarcation line determined in the case of 

the stationary 15° inclined bed for both roll and roll + pitch oscillations. While the transition 

boundary of the 5 s period for roll motion almost overlapped with that of the stationary 

upright bed, the shift was distinct for the same-period boundary for the roll + pitch motion. 

Moreover, the roll transition boundaries were comparatively closer to the boundary of the 
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stationary upright bed as compared to that of the stationary 15° inclined bed. Such tendency 

was not observed in the case of the roll + pitch motion. Such difference can be related to 

unalike drainage dynamics during bed inclinations which affect in a different way paths to 

transition for the two motion scenarii. In the roll + pitch motion, the bed has an off-vertical 

position due to the 90° phase lag between roll and pitch forcing the bed to oscillate while 

inclined; however, in the roll motion the bed evolves between the vertical and inclined modes 

(see video animations shown in Appendix A supplementary materials). 

 

 

Figure 2-7 Boundaries for onset of pulsing as a function of hexapod motion period and 

comparison with stationary upright and 15° inclined positions, (a) roll motion and (b) roll + 

pitch motion 

 

2.3.4 Pulse intermittency 

The effect of column motion and oscillation period on the pulse dynamics in the pulse flow 

regime was examined next. Representative time-series of cross-sectionally averaged liquid 

saturation are shown for the static vertical (Figure 2-8a1) and 15°-inclined (Figure 2-8d1) 

beds, and for two roll periods, 5 s (Figure 2-8b1) and 30 s (Figure 2-8c1). Constant gas and 

liquid superficial velocities of UG = 0.158 m/s and UL = 0.009 m/s were used for which pulse 

flow regime was voluntarily effected in the stationary upright bed (Figure 2-8a1). Those 

pulses faded out for the stationary 15°-inclined bed (Figure 2-8d1) as a result of establishment 

of the low-interaction segregated/trickle flow regime.19 Interestingly, the rolling bed 

exhibited an intermittent pulsing flow regime, the manifestation of which was controlled by 
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the rolling period (Figure 2-8b1,c1). Progressive straightening of column posture during 

oscillations, i.e., from +15° (or -15°) to 0°, caused the gas-rich and liquid-rich regions to 

gradually vanish yielding intensified gas-liquid interactions and emergence of pulses thereof. 

Intermittent pulse flow has been pinpointed above when trickle flow was prevalent in the 

stationary upright bed where pulses were seen to pop up in the crest region of the liquid 

saturation wave (Figure 2-5a1). Pulse amplitudes from Figure 2-5a1 are clearly smaller than 

those detected in Figure 2-8b1,c1. This observation therefore highlights a second origin of 

pulses in rolling trickle beds. It should be distinguished from the local accumulation of liquid 

during rapid oscillations in regions RI or RII (Figure 2-5a1) even if vertical column operates 

in trickle flow. 

 

 

Figure 2-8 Instantaneous cross-section averaged liquid saturation for (a1) stationary upright 

bed (b1) 5 s rolling bed (c1) 30 s rolling bed (d1) stationary 15° inclined bed; corresponding 

Eulerian slices (a2) stationary upright bed (b2) 5 s rolling bed (c2) 30 s rolling bed (d2) 

stationary 15° inclined (UG = 0.158 m/s and UL = 0.009 m/s) 
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As proposed by Reinecke and Mewes (1997)49 and as illustrated in Figure 2-8a2,b2,c2,d2 –

in correspondence with Figure 2-8a1,b1,c1,d1 modalities – the so-called Eulerian slice 

representations of liquid saturation images can be particularly useful to get a sense, as time 

elapses, of the pulse spatial characteristics along an arbitrary diametrical line. The Eulerian 

slices were generated with pixel liquid saturation data at 100 Hz and should be read from 

bottom to top. Numerous individual pulses traveling along the bed are distinctly visible as 

brief and bright horizontal lines in Figure 2-8a2 for the static vertical bed (Figure 2-8a2). 

Those events popped up exclusively when a high-interaction regime became possible at the 

bed approach of upright position under rolling motion (Figure 2-8b2,c2). Conversely, 

because of the dominant gravity-driven stratification, these pulses totally vanished for the 

stationary 15° inclined bed (Figure 2-8d2). 

Pulse intermittence under rolling conditions was examined under increased liquid superficial 

velocities (0.008, 0.01, and 0.012 m/s) at constant gas superficial velocity (UG = 0.190 m/s) 

and rolling period (20 s). Time series of cross-sectionally averaged liquid saturations (Figure 

2-9a1,b1,c1) and Eulerian slices (Figure 2-9a2,b2,c2) reveal that increased liquid superficial 

velocity significantly stimulated the gas-liquid interactions resulting in the formation of more 

pulses. If at lower liquid velocity (UL = 0.008 m/s, Figure 2-9a1, a2), pulse flow regime 

periodically recurred specifically at the approach of bed upright position, pulses turned 

increasingly pervasive, regardless of instantaneous inclined position, by increasing liquid 

superficial velocity up to UL = 0.01 m/s (Figure 2-9b1, b2). Nevertheless, differences can be 

noticed between the upright and inclined positions in terms of pulse height and number. 

Pulses strengthened with further increase in liquid superficial velocity (UL = 0.012 m/s) 

which contributed to reduce contrasts in pulse characteristics in bed upright and inclined 

positions (Figure 2-9c1, c2). Furthermore, at the highest liquid superficial velocity, these 

fully developed pulses were able to temporarily disrupt establishment of a stratified flow 

dispersing and sweeping the liquid over the whole cross-section of the rolling bed (Figure 2-

9c2). 
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Figure 2-9 Effect of superficial liquid velocity on pulsing intermittence in rolling bed (20 s 

roll period, UG = 0.190 m/s): cross-section averaged liquid saturation (a), Eulerian slice (b) 

UL = 0.008 m/s: (1), UL = 0.01 m/s (2), UL = 0.012 m/s (3) 

 

2.4 Conclusion 

The hydrodynamic behavior of stationary and moving packed beds with gas-liquid cocurrent 

downflow was experimentally studied. A hexapod ship motion simulator imposing 

programmable paths to the embarked packed bed was used to emulate single and compound 

degrees of freedom, i.e., translations (heave, surge, and sway) and rotations (roll, pitch, and 

yaw). A single-plane capacitance wire mesh sensor positioned on the embarked packed bed 

was used to register the local instantaneous liquid saturation fluctuations across the bed to 

identify their patterns in light of the imposed hexapod motions.  

Pressure drop, liquid saturation, flow regime transitions, and pulse characteristics were 

monitored under different operating conditions (fluid flow rates, translational and rotational 

oscillations, hexapod oscillating periods) and compared to their corresponding signatures for 
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stationary upright and inclined beds. Analysis of experimental results revealed that non-

tilting oscillations barely affected the flow characteristics inside the packed bed as regard the 

stationary upright trickle bed. Conversely, tilting motions were responsible of periodic gas-

liquid segregation, oscillating pressure and liquid saturations, as well as a broadening of the 

low-interaction domain. Larger periods of tilting oscillations induced temporarily gravity-

driven segregated flow patterns inside the bed which resulted in the mitigation of gas-liquid 

interactions and the displacement of pulse transition point towards larger liquid superficial 

velocities. In the 30 s rolling bed, for instance, the pressure drop of the upright occasions 

declined with a drop of almost 1.5 (kPa/m) as compared to the pressure drop of the static 

vertical bed. Moreover, this 30 s rolling bed shifted the trickle to pulse flow regime transition 

point from UL = 0.0058 m/s to UL = 0.0067 m/s at UG = 0.158 m/s. If the stationary upright 

bed were to operate in the pulse flow regime, rolling beds, under identical flow rates, 

exhibited intermittent pulse flow episodes intertwined between low-interaction sequences. 

The burst of pulse flow occurred more or less every one-half period of the roll corresponding 

to an approach by the bed of its upright position.  

Despite floating production vessels can be considered as an economical way for developing 

offshore natural resources, the results of this study prefigure that column tilt and oscillations 

stemming from marine swells in deep water could significantly influence the fluid phase 

distribution inside the bed. This influence predicts noticeable detrimental impacts on the flow 

regime inside the embarked packed bed which would result in reductions of unit operation 

efficiency. Floating production units will need to consider the influence of marine swells and 

their adverse impact on the packed bed design to ensure onboard operation capable of 

achieving the specified capacities within allowable uncertainty bounds. 

Nomenclature 

CoV coefficient of variation 

N time-series length 

T oscillation period or dimensionless time (s) 
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t time (s) 

U Superficial velocity (m/s) 

Greek Letters  

 angular position during roll or roll + pitch motion (°) 

β spatial-averaged liquid saturation 

  time-average liquid saturation 

σ temporal liquid saturation standard deviation 

Subscripts  

G gas 

k time interval index 

L liquid 

 

2.5 References 

1. Kim, H.-J., Choi, D.-K., Ahn, S.-I., Kwon, H., Lim, H.-W., 2013. GTL FPSO—An 

Alternative Solution to Offshore Stranded Gas, Offshore Technology Conference, Houston, 

Texas, USA, May 6-9. 

2. Kim, W.S., Yang, D.R., Moon, D.J., Ahn, B.S., 2014. The process design and simulation 

for the methanol production on the FPSO (floating production, storage and off-loading) 

system. Chemical Engineering Research and Design 92, 931-940. 

3. Subrata, K., Cliakrabarti, S., 2005. Handbook of offshore engineering. Ocean Engineering 

Series, Elsevier, Amsterdam. 

4. El-Reedy, M.A., 2012. Offshore structures: design, construction and maintenance. Gulf 

Professional Publishing, Oxford, United Kingdom. 



 

64 

 

5. Gu, Y., Ju, Y., 2008. LNG-FPSO: Offshore LNG solution. Frontiers of Energy and Power 

Engineering in China 2, 249-255. 

6. Shimamura, Y., 2002. FPSO/FSO: State of the art. Journal of Marine Science and 

Technology 7, 59-70. 

7. Reinicke, K.M., Hueni, G., Liermann, N., Oppelt, J., Reichetseder, P., Unverhaun, W., 

2014. Oil and Gas, 7. Production. Ullmann's Encyclopedia of Industrial Chemistry, John 

Wiley & Son’s, Inc., 1-64. 

8. Ha, T.P., 2011. Frequency and time domain motion and mooring analyses for a FPSO 

operating in deep water. Ph.D. Thesis, Newcastle University. 

9. Leffler, W.L., Pattarozzi, R., Sterling, G., 2011. Deepwater petroleum exploration & 

production: A nontechnical guide. 2nd ed. PennWell Books, Tulsa, Oklahoma, USA. 

10. Reay, D., Ramshaw, C., Harvey, A., 2013. Process Intensification: Engineering for 

efficiency, sustainability and flexibility. 2nd ed. Butterworth-Heinemann, USA. 

11. Weiland, R.H., Hatcher, N.A., Seagraves, J., 2013. Choosing Tower Internals for LNG, 

Shale Gas, and Tail Gas Treating, SOGAT 2013, Abu Dhabi, UAE, March 26. 

12. Weiland, R.H., Hatcher, N.A., Seagraves, J., Treating, O.G., Treating, I.O.G., 2014. 

Using Structured Packing for CO2 Removal in LNG Plants. Digital Refining, February: 

Available from: www.digitalrefining.com/article/1000900. 

13. Armstrong, P.A., Kalbassi, M.A., Miller, D., 2000. Distributor for packed liquid-vapor 

contact column. US Patent 6149136A. 

14. Darredeau, B., 2001. Liquid dispenser for oscillating distilling column, and 

corresponding distilling column. US Patent 6294053. 

15. Duss, M., Roza, M., 2014. Columns subject to motion: Maldistribution sensitivity and 

susceptibility, 10th international conference on distillation & absorption, Friedrichshafen, 

Germany, September 14-17. 

http://www.digitalrefining.com/article/1000900


 

65 

 

16. Fraysse, P., Werlen, E., 2002. Floating marine structure. US Patent 6397630 B1. 

17. Haroun, Y., Raynal, L., Alix, P., 2013. Partitioned distributor tray for offshore gas/liquid 

contact column. EP Patent 2653204 A1. 

18. Kalbassi, M.A., Zone, I.R., 2005. For distributing a liquid substantially uniformly across 

a liquid-vapour separation column located on an off-shore floating platform such as a ship. 

US Patent 6907751. 

19. Schubert, M., Hamidipour, M., Duchesne, C., Larachi, F., 2010. Hydrodynamics of 

cocurrent two‐phase flows in slanted porous media—Modulation of pulse flow via bed 

obliquity. AIChE Journal 56, 3189-3205. 

20. Atta, A., Schubert, M., Nigam, K., Roy, S., Larachi, F., 2010. Co‐current descending 

two‐phase flows in inclined packed beds: Experiments versus simulations. The Canadian 

Journal of Chemical Engineering 88, 742-750. 

21. Bouteldja, H., Hamidipour, M., Larachi, F., 2013. Hydrodynamics of an inclined gas–

liquid cocurrent upflow packed bed. Chemical Engineering Science 102, 397-404. 

22. Bieberle, A., Nehring, H., Berger, R., Arlit, M., Härting, H.-U., Schubert, M., Hampel, 

U., 2013. Compact high-resolution gamma-ray computed tomography system for multiphase 

flow studies. Review of Scientific Instruments 84, 033106. 

23. Härting, H.-U., Bieberle, A., Lange, R., Larachi, F., Schubert, M., 2015. Hydrodynamics 

of co-current two-phase flow in an inclined rotating tubular fixed bed reactor–wetting 

intermittency via periodic catalyst immersion. Chemical Engineering Science 128, 147-158. 

24. Wang, Y., Chen, J., Larachi, F., 2013. Modelling and simulation of trickle‐bed reactors 

using computational fluid dynamics: A state‐of‐the‐art review. The Canadian Journal of 

Chemical Engineering 91, 136-180. 

25. Hudson, C., Briens, C., Prakash, A., 1996. Effect of inclination on liquid-solid fluidized 

beds. Powder technology 89, 101-113. 



 

66 

 

26. O'Dea, D., Rudolph, V., Chong, Y., Leung, L., 1990. The effect of inclination on fluidized 

beds. Powder Technology 63, 169-178. 

27. Valverde, J., Castellanos, A., Quintanilla, M., Gilabert, F., 2008. Effect of inclination on 

gas-fluidized beds of fine cohesive powders. Powder Technology 182, 398-405. 

28. Yakubov, B., Tanny, J., Maron, D.M., Brauner, N., 2007. The dynamics and structure of 

a liquid–solid fluidized bed in inclined pipes. Chemical Engineering Journal 128, 105-114. 

29. Murata, H., Oka, H., Adachi, M., Harumi, K., 2012. Effects of the ship motion on gas–

solid flow and heat transfer in a circulating fluidized bed. Powder Technology 231, 7-17. 

30. Nakanashi, T., Nakai, S., 1979. Experiments on performance of fluidized bed for marine 

use. Marine Engineering Society in Japan 14, 808-819. 

31. Namie, S., Osanai, T., Yamanouchi, H., Yokomura, T., 1984. Investigation on Fluidized 

Bed Combustion for Marine Application. Journal of Marine Engineering Society of Japan 

19, 943-950. 

32. Yasui, T., Nakayama, T., Yoshida, K., 1984. Heat-transfer characteristics in a rocking 

fluidized bed. International Communications in Heat and Mass Transfer 11, 477-488. 

33. Zeńczak, W., 2008. Investigation of Fluidized Bed of the Physical Model of the Marine 

Fluidized Bed Boiler. Journal of Polish CIMAC 3, 183–190. 

34. Zhao, T., Liu, K., Murata, H., Harumi, K., Takei, M., 2014. Experimental and numerical 

investigation of particle distribution behaviors in a rolling circulating fluidized bed. Powder 

Technology 258, 38-48. 

35. Zhao, T., Liu, K., Murata, H., Harumi, K., Takei, M., 2014. Investigation of Bed-to-wall 

Heat Transfer Characteristics in a Rolling Circulating Fluidized Bed. Powder Technology 

269, 46-54. 



 

67 

 

36. Zhao, T., Takei, M., Murata, H., Liu, K., 2014. Particle descending velocity near the wall 

of a rolling circulating fluidized bed, 8th international symposium on measurement 

technicues for multiphase flows, Guangzhou, P.R. China, December 13-15. 

37. Schubert, M., Khetan, A., Da Silva, M.J., Kryk, H., 2010. Spatially resolved inline 

measurement of liquid velocity in trickle bed reactors. Chemical Engineering Journal 158, 

623-632. 

38. Kan, K.-M., Greenfield, P.F., 1978. Multiple hydrodynamic states in cocurrent two-phase 

downflow through packed beds. Industrial & Engineering Chemistry Process Design and 

Development 17, 482-485. 

39. Journée, J., Massie, W., 2001. Offshore hydromechanics. Delft University of 

Technology, Delft (the Netherlands): Available from: 

http://www.shipmotions.nl/DUT/LectureNotes. 

40. Moskowitz, L., 1964. Estimates of the power spectrums for fully developed seas for wind 

speeds of 20 to 40 knots. Journal of geophysical research 69, 5161-5179. 

41. Da Silva, M., Schleicher, E., Hampel, U., 2007. Capacitance wire-mesh sensor for fast 

measurement of phase fraction distributions. Measurement Science and Technology 18, 

2245. 

42. Llamas, J.-D., Pérat, C., Lesage, F., Weber, M., D’Ortona, U., Wild, G., 2008. Wire mesh 

tomography applied to trickle beds: A new way to study liquid maldistribution. Chemical 

Engineering and Processing: Process Intensification 47, 1765-1770. 

43. Schleicher, E., Aydin, T., Torres, C., Pereyra, E., Sarica, C., Hampel, U., 2014. Refined 

reconstruction of liquid-gas interface structures for oil-gas stratified two-phase flow using 

wire-mesh sensor, 5th International Workshop on Process Tomography, Jeju, South Korea. 

44. Charpentier, J.C., Favier, M., 1975. Some liquid holdup experimental data in trickle‐bed 

reactors for foaming and nonfoaming hydrocarbons. AIChE journal 21, 1213-1218. 

http://www.shipmotions.nl/DUT/LectureNotes


 

68 

 

45. Gianetto, A., Specchia, V., 1992. Trickle-bed reactors: state of art and perspectives. 

Chemical Engineering Science 47, 3197-3213. 

46. Aydin, B., Larachi, F., 2005. Trickle bed hydrodynamics and flow regime transition at 

elevated temperature for a Newtonian and a non-Newtonian liquid. Chemical Engineering 

Science 60, 6687-6701. 

47. Hamidipour, M., Larachi, F., 2010. Characterizing the liquid dynamics in cocurrent gas–

liquid flows in porous media using twin-plane electrical capacitance tomography. Chemical 

Engineering Journal 165, 310-323. 

48. Rautenbach, C., Melaaen, M.C., Halvorsen, B.M., 2013. Statistical diagnosis of a gas–

solid fluidized bed using Electrical Capacitance Tomography. International Journal of 

Multiphase Flow 49, 70-77. 

49. Reinecke, N., Mewes, D., 1997. Investigation of the two-phase flow in trickle-bed 

reactors using capacitance tomography. Chemical Engineering Science 52, 2111-2127.



 

69 

 

Chapter 3: Hydrodynamics of Gas-Liquid Cocurrent 

Upflow in Oscillating Packed Beds for Offshore Marine 

Applications* 
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Résumé 

Dans cette étude, nous avons étudié le comportement hydrodynamique des lits fixes inclinés 

stationnaires et oscillants avec mode d'écoulement à co-courant ascendant gaz-liquide. Des 

expériences hydrodynamiques complètes ont été réalisées à l'aide de capteurs à mailles 

métalliques (WMS) et d'un simulateur de mouvement hexapode pour comprendre l'effet de 

l'inclinaison et des mouvements de la colonne sur la répartition des fluides dans la section 

transversale du lit, la chute de pression, la saturation du liquide et le déclenchement du régime 

pulsé. De plus, le temps de résidence du liquide et le nombre de Péclet estimés par une 

technique stimulus-réponse et un modèle de macro-mélange ont été présentés et discutés en 

fonction des régimes d'écoulement dominants. Les résultats ont révélé que l'écart de la 

colonne par rapport à la posture verticale et les mouvements d'inclinaison modifient de 

manière significative l'hydrodynamique régnant dans le lit fixe. Le développement de zones 

de désengagement gaz-liquide, les oscillations des séries temporelles de perte de charge et 

du facteur d'uniformité, l’écart par rapport à l'écoulement du liquide et le retard de la mise en 

place du régime d'écoulement pulsé ont été ensuite discutés suite à l'inclinaison du lit et à ses 

oscillations. 
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Abstract 

In this study, the hydrodynamic behavior of inclined stationary and oscillating packed beds 

with gas-liquid cocurrent upflow mode of operation was investigated. Comprehensive 

hydrodynamic experiments were carried out using embedded low-intrusive Wire-Mesh 

Sensors (WMSs) and a hexapod ship motion simulator in order to properly understand the 

effect of column inclination and movements on gas-liquid flow distribution in the bed cross-

section, overall pressure drop, liquid saturation, and pulsing flow inception. Furthermore, 

liquid residence time and Péclet number estimated by a stimulus-response technique and a 

macro-mixing model were presented and discussed with respect to the prevailing flow 

regimes. The results revealed that the column deviation from the vertical posture and tilting 

motions significantly alter the hydrodynamics prevailing in the packed bed operating in a 

cocurrent upflow mode. Development of gas-liquid disengagement zones, oscillations in the 

pressure drop and uniformity factor time series, departure from liquid plug flow character, 

and delay in the inception of pulsing flow regime were observed as a result of bed inclination 

and oscillations.  
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3.1 Introduction 

Gas-liquid cocurrent upflow packed beds are commonly used as multiphase contactors and 

reactors in continuous processes involving chemical reactions which require good contacting 

between gas, liquid, and solid phases.1,2 Wastewater treatment, hydrogenation, oxidation, 

alkylation, and amination of alcohols are among the processes that have long been carried 

out in this type of reactors due to low operating costs and simplicity in construction. 

Furthermore, good inter-phase heat and mass transfers, large liquid residence times, and high 

interfacial area can be achieved in cocurrent upflow packed bed reactors.3 

A random arrangement of solid particles generates a complex network of throats and pores 

inside the bed resulting in different patterns of the cocurrent flow of gas and liquid phases.4 

Depending on the packing types, fluids velocities, and physio-chemical properties of gas and 

liquid phases, three main hydrodynamic regimes, namely, bubbly flow, pulse flow, and spray 

flow have been reported for cocurrent upflow packed beds.5-8 In the bubbly flow regime, a 

discontinuous gas phase in the form of bubbles moves upward within a continuous liquid 

phase. The pulse flow regime is recognizable from the intermittent liquid-rich and gas-rich 

pulses traveling through the bed. Spray flow regime occurs at high gas and low liquid flow 

rates when the majority of liquid is entrained by a continuous gas phase in the form of 

droplets. 

The hydrodynamic complexity of cocurrent upflow packed beds, on the one hand, and the 

importance of reliable design and scale-up to industrial scale, on the other hand, have 

attracted numerous researchers to work in the field of cocurrent upflow packed bed reactors. 

While some studies have focused on experimental methods to specify the hydrodynamic 

characteristics such as liquid and gas holdups, bubble properties, pressure drop, flow regime, 

back mixing, and heat and mass transfer,3,9-12 others ought to develop mathematical models 

to estimate those hydrodynamic parameters.13-15 Most recently, Collins et al. (2016)3 

investigated gas phase dynamics within a packed bed of spherical non-porous particles with 

cocurrent upflow mode of operation using magnetic resonance imaging techniques. The 

experimental results revealed that the gas holdup increases with gas flow rate whereas an 

increase in packing size and liquid flow rate decreases it. Moreover, static gas holdup was 
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found to increase appreciably with decreasing packing size. Leveque et al. (2016)11 applied 

stainless steel open-solid foams with different pore densities instead of solid particles as a 

packing in the cocurrent upflow packed bed. Pressure drop, liquid mean residence time, and 

axial Péclet number were determined as the main hydrodynamic parameters. They found that 

the liquid superficial velocity and foam pore density are the most influential parameters on 

the hydrodynamics of cocurrent upflow packed beds. The existence of bubbly and pulse flow 

regimes were also recognized from pressure drop measurements. 

Currently, oil and gas extraction and processing industries in deeper water and remote 

offshore areas have led the petroleum industry to extend the functionality of packed beds for 

applications on floating platforms such as FPSO (floating production storage and offloading) 

and FLNG (floating liquefied natural gas).16-18 In these systems, a large number of processing 

units including extraction, production, and storage operations are integrated on the same 

floating platform to ensure economic viability and monetization of stranded hydrocarbon 

sources.18-21 Nevertheless, complex sea states pose considerable technical challenges to 

operations of onboard packed bed reactors and separators which may ultimately hamper 

meeting product specification. Ship oscillations and tilts triggered by marine swells impact 

the hydrodynamics of packed bed reactors and thus their performances. This means that the 

hydrodynamic features which are relevant to the marine context cannot be directly transposed 

on a one-to-one basis from ground installations and thus more insights are required for 

floating reactors. More specifically, experimental and theoretical studies concerning the 

effect of floating vessel motions on the hydrodynamic behavior of packed bed reactors 

onboard are of significance. 

In recent years, several researchers investigated the hydrodynamics prevailing inside 

stationary tilted packed beds viewed as limiting column postures on ships. Schubert et al. 

(2010)22 and Atta et al. (2010)23 experimentally and theoretically showed that the bed 

deviation from the vertical position causes partial gas-liquid segregation in packed beds with 

gas-liquid descending flows, which in turn diminishes two-phase pressure drop and liquid 

coverage area. Conversely, Bouteldja et al. (2013)24 studied the effect of column inclination 

on the hydrodynamic behavior of packed beds with cocurrent gas-liquid upflow mode of 

operation. Gas-liquid disengagement was found to evolve by incrementing inclination angle 
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as in inclined trickle beds and a gradual transition from bubbly flow to segregated/bubbly 

flow regimes took place. An increase in the cross-sectionally averaged liquid saturation and 

a decrease in pressure drop were also observed as a result of inclining the vessel. Besides, 

examination of the hydrodynamics of gas-liquid countercurrent packed beds under column 

obliquity divulged a noticeable reduction of the overall pressure drop and liquid saturation, 

in addition to a delay to the onset of flooding and an aggravation of phase maldistribution.25 

Furthermore, packed beds operated with gas-liquid cocurrent downflow in stationary tilted 

and oscillating configurations were experimentally investigated by Assima et al. (2015)26 and 

Motamed Dashliborun and Larachi (2015)27 and Motamed Dashliborun et al. (2016)28. The 

emulation tests were implemented on a hexapod ship motion simulator to mimic floating 

vessel motions whereas a capacitance Wire-Mesh Sensor (WMS) was used to measure the 

local instantaneous liquid saturation variations in the bed cross-section. Submitting the 

column to ship translational (surge, sway, heave) and rotational oscillations (roll, pitch, yaw, 

roll + pitch) worsened phase distribution and liquid axial dispersion in comparison with the 

conventional vertical beds. In addition, a shift in the regime transition from tickle flow to 

pulse flow towards higher fluid velocities was detected by increasing the oscillation periods 

of roll or roll + pitch motions. On the other hand, Iliuta and Larachi (2016)29-31 recently 

developed a series of 3-D two-fluid transient models for simulation of gas-liquid downflow 

in vertical, slanted, and oscillating packed bed reactors. The numerical results revealed that 

angular oscillations of the packed bed prompted periodic variations of cross-sectionally 

averaged liquid holdups and two-phase pressure drop contrary to the stationary vertical and 

inclined configurations. They attributed this oscillatory behavior to the complex reverse 

secondary flows in the radial and circumferential directions. A delay in liquid drainage30 and 

reduction of hydrodesulfurization performance31 were also reported for the gas-liquid 

cocurrent downflow packed bed reactors as a result of oscillating motions. 

As far as the open literature is concerned, the effect of ship translational and rotational 

oscillations on hydrodynamics of gas-liquid cocurrent upflow packed beds has not been yet 

addressed. Therefore, this contribution aims to provide important insights into the 

hydrodynamic features of cocurrent upflow packed bed reactors on floating platforms. The 

hydrodynamic characteristics in terms of bed pressure drop, phase distribution, liquid 
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saturation, and pulse flow regime are experimentally examined. Moreover, the residence time 

distribution (RTD) experiments are carried out to estimate the liquid residence time and the 

Péclet number in oscillating cocurrent upflow packed beds. To mimic FPSO movements, a 

hexapod ship motion simulator being able to impose a variety of motion scenarios including 

translations (heave, surge, and sway), rotations (roll, pitch, and yaw), and combinations 

thereof to an embarked packed bed is employed. Capacitance Wire-Mesh Sensors (WMSs) 

coupled with the packed bed is used to scrutinize on-line and locally the two-phase flow 

dynamic features as well as to detect the tracer pulses. Finally, the hydrodynamic behavior 

of cocurrent upflow packed beds under motion conditions is also compared with the bed 

limiting postures of stationary vertical and inclined configurations. 

3.2 Experimental setup 

3.2.1 Upflow packed bed components and hexapod platform 

Laboratory-scale hydrodynamic experiments were carried out using air and water operated 

in the cocurrent upflow mode at room temperature and atmospheric pressure in a transparent 

57 mm ID Plexiglas column packed with 3 mm glass beads up to a height of 1500 mm. The 

experimental setup is schematically shown in Figure 3-1 together with the wire-mesh sensor 

(WMS) (3) applied for liquid saturation measurements and tracer pulse detection as well as 

the ship motion simulator (hexapod) (6). The fluid properties, the range of operating 

conditions and the packed bed specifications are summarized in Table 3-1. The packing was 

tightly clamped between a lowermost gas-liquid distributor (5) and uppermost mesh screen 

to avoid bed fluidization and to ensure synchronous movement with the column during 

hexapod motions. The setup was operated in a recycle mode for the liquid phase, which was 

supplied and controlled by a peristaltic pump. The gas was separated from the liquid at the 

top of the vessel by means of a gas-liquid separator (1) and then vented to the atmosphere. A 

multipoint gas-liquid distributor (5) was employed, which consisted of 22 needle orifices 

with 0.4 mm inner diameter for the gas supply and 9 capillaries with 1 mm inner diameter 

for the liquid feed. Pressure drops through the bed were measured using a differential 

pressure transmitter connected to the packed-bed reactor. The readings of this sensor were 
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recorded over time and transferred to a standard PC running a LabVIEW program for the 

data acquisition. 

 

 

Figure 3-1 Schematic diagram of the experimental setup for the stationary-oscillating packed 

bed with gas-liquid cocurrent upflow mode together with wire-mesh sensor and hexapod 

emulated elementary translational and rotational motions 

 

Table 3-1 Ranges of operating conditions and system properties 

Parameter Value/Range 

Gas superficial velocity, Ug 0.0016-0.10 m/s 

Liquid superficial velocity, Ul 0.0025-0.005 m/s 

Liquid phase density, ρL 998 kg/m3 

Liquid viscosity, μL 0.001 Pa s 

Liquid surface tension, σL 0.072 N/m 

Gas density, ρg 1.2 kg/m3 
  

Spherical glass beads size, dp 0.003 m 

Bed porosity, ɛ 0.395 

Bed length, L 1.5 m 

Reactor diameter, ID 0.057 m 
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As depicted in Figure 3-1, the packed bed was firmly installed on a NOTUS hexapod 

platform (6) with six-degree-of-freedom motions including translations (surge, along Y 

direction; sway, along X direction; heave, along Z direction) and rotations (roll around Y 

axis; pitch around X axis; yaw around Z axis) to emulate actual floating vessel conditions. In 

addition to these single-degree-of-freedom motions, combined roll + pitch motions were also 

tested in the present work. Each hexapod translational and rotational excitation was 

programmed by generating an effective sinusoidal motion path given by: p = Apsin(2πft+ϕ) 

with Ap is the amplitude (mm for translation or degree for rotation); f is the frequency (Hz); 

t is the effective duration of movements (period) and ϕ is the phase lag. The programmed 

parameters of the hexapod motion, which were compatible with conditions of a floating 

vessel under sea excitations,32-34 are summarized in Table 3-2. In the particular instance of 

combined roll + pitch, a roll sinusoidal motion path (rotation around Y axis) and pitch 

sinusoidal motion path (rotation around X axis) were carried out with a 90° phase lag so that 

the roll alternatively takes over the pitch, forcing the bed to rotate around a central vertical 

axis while constantly tilted at 15°. More detailed information about the hexapod ship motion 

emulator and representative video clips of the five types of column movements can be found 

in our previous works.26,27 For the sake of comparison, stationary vertical (0°) and stationary 

inclined (5°, 10°, and 15°) packed bed configurations were also included in this study. 

 

Table 3-2 Hexapod kinematic parameters during packed column motion 

Motion Oscillation period (s) Phase (°) Amplitude (mm or °) 

Roll (RY) 5.0/ 10.0/ 20.0 0  [-15 – +15°] 

Roll + Pitch 

(RY + RX) 

5.0/ 20.0 90° for RX & 0° for RY [-15 – +15°] & [-15 – +15°] 

Yaw (RZ) 5.0 0 [-15 – +15°] 

Heave (TZ) 5.0 0 [-200 – +200] mm 

Sway (TY) 5.0 0 [-250 – +250] mm 

 

3.2.2 Wire-mesh sensor/ tracer tests 

The capacitance wire-mesh sensor (WMS) with a matrix-like arrangement of the sensing 

points, providing high spatiotemporal images from the interrogated bed cross-section, was 

used for the liquid saturation measurements and detection of the tracer pulses. The aptitude 
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of the sensor for the investigation of several multiphase flow phenomena has been proven 

for (i) gas-liquid flow in pipes,35,36 (ii) multiphase flow in packed beds37,38 and open-cell 

foams39, and recently (iii) for the hydrodynamic characterization of moving packed beds26-28 

as well as oscillating bubble columns40. This measuring technique gives access to images of 

liquid volumetric distributions in the entire bed cross-sections using as a contrasting property 

the difference between gas and liquid electrical permittivity values nearby the WMS sensing 

point voxels. 

The WMS employed in this work consisted of two axially separated parallel planes, 1.5 mm 

afar, each made of 16 stainless steel wires with 3.57 mm lateral spacing. The wires in one 

plane were aligned perpendicularly to the wires in the other plane. This arrangement resulted 

in a theoretical number of 256 sensing points with 188 effective points inscribed inside the 

column circular cross-section. During the packing procedure, special care was taken to 

minimize the interference of the low-intrusive WMS with the packed bed by carefully filling 

the glass spheres into the voids of the wire mesh. As far as visual observations before, during 

and after column operation were concerned, the glass beads, especially those retained in the 

wire-mesh sensor portion did not exhibit any noticeable displacement with respect to their 

initial state. All liquid saturation results presented in the current study were obtained at a 

height of 400 mm before upper bed exit with a framerate of 100 Hz. More detailed 

information about the WMS principle, functionality and calculation procedure can be found 

elsewhere.38,41-43 

Two wire-mesh sensors flange-mounted at positions 400 mm (WMS 2) and 1240 mm (WMS 

1) downstream the top of the packing were used to measure the temporal evolution of tracer 

pulses and the alteration of their shapes due to liquid back-mixing in the liquid flow along 

the bed. An aqueous sodium chloride solution (cNaCl = 300 mg/L) was used as conductivity 

tracer and briefly injected for 5 s within the water stream. The conductivity of the liquid after 

tracer injection was monitored in the liquid storage tank by a conductivity meter. To prevent 

signal baseline drifts, accumulation of the tracer was avoided by regular replacement of the 

liquid with fresh deionized water. 

If a conducting liquid is present at a sensing point of the sensor, the unknown complex 

impedance can be described as a dielectric consisting a capacitor (coupled to the permittivity 
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of the fluid) and a resistor (coupled to the conductivity).42 At an elevated conductivity, set to 

approximately 0.02 S/m in this work and depending on the preliminary calibration and setting 

procedure of the WMS electronics, the resistive part of the complex impedance becomes 

dominant and the measured signal is logarithmically dependent on the conductivity only.42 

This characteristic is described by the calibration function given by Eq. 1, which links the 

measured voltage V per sensing point (i,j) to the conductivity K of the liquid or the 

corresponding tracer concentration, respectively: 

 2 2

1 2 3( , ) ( , ) log ( , ) ( , ) ( , )V i j a i j K i j a i j a i j     (1) 

Where the constants a1(i,j), a2(i,j) and a3(i,j) depend on the geometry as well as on the 

electrical circuit of every sensing point and were estimated during the calibration of the WMS 

prior to the actual residence time distribution (RTD) measurements. The instantaneous pixel 

signals of the sensors were averaged in the cross-section and normalized to the total amount 

of tracer. 

3.3 Results and Discussion 

3.3.1 Pressure drop 

In packed beds with gas-liquid cocurrent upflow, the overall pressure drop consists of gas-

liquid-solid interactions (i.e., dynamic pressure) and static head of the liquid phase. The 

hexapod motions and accelerations/decelerations are transmitted to the flowing fluids inside 

the porous medium and are expected to alter the hydrodynamics prevailing in the packed bed 

resulting in peculiar pressure drop fluctuations. Hence, the transient variation of the pressure 

drop was recorded in the moving packed bed after the column was exposed to various 

hexapod oscillations as described in Table 3-2. Such fluctuations can be straightforwardly 

captured observing the pressure drop time series in Figure 3-2 for the roll (a) and roll + pitch 

(b) motions with a constant amplitude of ϴ =15° evolving within periods of 5, 10 or 20 s, 

respectively. Pressure drops measured under identical flow rate conditions for the stationary 

vertical and the stationary 15°-inclined beds are also plotted for comparison. 
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Figure 3-2 Effect of different motions on the overall bed pressure drop at Ug = 0.016 m/s 

and Ul = 0.0025 m/s: (a) roll, (b) roll + pitch, (c) non-tilting oscillations (surge/sway, heave, 

and yaw). Pressure drop for stationary vertical and 15° inclined columns under similar flow 

rate conditions are drawn for comparison 

 

In the rolling packed bed (Figure 3-2a), the bed overall pressure drop evolved from minimum 

towards maximum with tilting the column from ϴ = +15° to ϴ = 0° within one-quarter motion 

period, reflecting a progressive growth from lowest to highest interactions. Conversely, the 

following sequence for the next quarter motion period, where the bed was tilted from ϴ = 0° 

to ϴ = -15°, led to the opposite trend in the pressure drop evolution. It is worth mentioning 

that the extent of interphase interactions is an important function of the motion period. From 

Figure 3-2a, it can be seen that decreasing the roll period from T = 20 s to T = 5 s results in 

attenuating the oscillation amplitudes at the expense of increasing pressure drops. The 

incidence of more recurring packed-bed acceleration/ deceleration triggered inertial 

disturbances contributing to the increase of pressure drop, whereas the oscillation amplitudes 

were shrunk by filtering effects of the high-frequency components. Contrary to the rolling 
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column with an oscillation period of 5 s, where the bed overall pressure drop was higher than 

that of the stationary vertical bed for almost the entire period, there was a tendency for the 

pressure drops to slide below their vertical bed analogs by increasing the roll period. Still, at 

the approach of verticality of the moving column the pressure drop peaks kept noticeably 

higher than those corresponding to the stationary vertical bed reflecting the important 

contribution of inertial forces gained by the fluids in response to the column accelerations. 

On the other hand, the ±15° minima of the oscillating pressure drops were clearly below the 

stationary 15°-inclined bed pressure drop (dotted line, Figure 3-2a). Such reduction can be 

ascribed to the presence of more bubbles, which, persisting in the cross-section of the rolling 

bed owing to the escalating transverse forces, reduced the contribution of static liquid head 

in the bed overall pressure drop. Likewise, the superimposed roll + pitch motion revealed 

nearly periodic oscillations in the pressure drop time series (Figure 3-2b). Nevertheless, the 

periodicity of pressure oscillations was equivalent to the motion period and the oscillation 

amplitudes were markedly attenuated mainly due to restricting the gas-liquid flow by the 

alternating takeover of roll and pitch. 

Unlike the observations made earlier, Figure 3-2c show that oscillations became barely 

discernible in the pressure drop time series, when subjecting the packed bed to translational 

periodic motions, i.e., sway/surge (vertical column moving forward and backward, TY or 

TX) and heave (vertical column sliding up and down, TZ), indicating that the two-phase flow 

remained virtually almost indifferent to such types of oscillatory perturbations. At the same 

imposed oscillation period, the yaw motion (vertical column wobbling around its revolution 

axis, RZ), on the contrary, augmented interphase interactions and brought about recognizable 

oscillations in the time series of bed overall pressure drop (red line, Figure 3-2c). In general, 

both translational motions, whether normal or parallel to the fluid streams in the porous 

medium, as well as wobbling the vertical bed dramatically shifted the average bed overall 

pressure drop above the one prevailing for the stationary vertical packed bed (Figure 3-2c). 
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3.3.2 Gas-liquid distribution 

A uniformity factor, χ, was defined as a criterion to quantitatively assess the quality of liquid 

distribution based on the lack of crosswise uniformity of the liquid saturation over the bed 

cross-section, when it is subjected to different hexapod motion scenarii:44 

2

1

1 NP
i

iNP

 




 
  

 
  (2) 

where NP is the number of pixels in the image obtained from the wire-mesh sensor, βi and β 

are the corresponding ith pixel liquid saturation and the cross-sectionally averaged liquid 

saturation, respectively. Here, increasing values of the uniformity factor indicate worsening 

of the homogeneous distribution of the liquid in the interrogated bed cross-section. 

 

 

 

Figure 3-3 Effect of packed bed oscillation on the uniformity factor, χ: (a) roll, (b) roll + 

pitch, (c) non-tilting oscillations (surge/sway, heave, and yaw) at Ug = 0.016 m/s and Ul = 

0.0025 m/s. Time series of the uniformity factor for stationary vertical and 15° inclined 

columns under similar flow rate conditions are drawn for comparison 
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Figure 3-3 illustrates the time-series variations of the uniformity factor prompted by different 

hexapod tilting and non-tilting movements already mentioned for the corresponding pressure 

drop time-series. In all cases, the gas and liquid superficial velocities were kept constant. 

While instantaneous values of the uniformity factor objectified periodic behavior for the roll 

and roll + pitch motions or the so-called tilting motions (Figure 3-3a,b), such oscillations 

went more or less undetected for non-tilting motions, i.e, yaw, heave, and surge, (Figure 3-

3c) similarly to their corresponding pressure drop time-series (Figure 3-2c). Nevertheless, 

these tilting motions degraded the quality of gas-liquid distribution as compared with the 

stationary vertical configuration. 

Column angular movements in the course of hexapod roll and roll + pitch excitations caused 

time-dependent gravitational and inertial (acceleration/deceleration) forces prompting 

secondary transverse displacements of the fluids in the bed crosswise planes. Consequently, 

transverse flow in the radial and circumferential directions induced those notable amplitude 

oscillations in the uniformity factor time series as is evident from Figure 3-3a,b. It should be 

noticed that under roll motion, the uniformity factor reached its maximum value by tilting 

the bed to ϴ = ±15° whereas changing the position from ϴ = ±15° to ϴ = 0° led to the 

minimum value in the uniformity factor time series (Figure 3-3a), which is exactly the 

opposing behavior compared to the pressure drop signal. These maxima and minima reached 

by the uniformity factor were found to depend strongly on the rolling period as also observed 

for the pressure drop. Interestingly, the uniformity factor during the rolling motions at higher 

period durations exhibited overshoots with respect to the stationary 15°-inclined bed. This 

corroborated the existence of more bubbles in the cross-section of the rolling bed resulting 

in higher phase maldistribution as compared with the stationary 15°-inclined bed. Therefore, 

reliance on the stationary inclined columns, corresponding to the maximum angular 

amplitude, as a representative of the maximum uniformity factor is proven to be unreliable. 

Besides, as the roll motion quietened, the oscillation amplitudes increased and the 

homogeneity of the liquid distribution continued to worsen. This rests on the fact that more 

defined flow patterns temporarily evolved in the gentler rolling packed beds. The same 

cannot be concluded from the uniformity factor time series of the oscillations excited by the 

roll + pitch motion since the amplitudes decreased noticeably by the alternating takeover of 
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roll and pitch where the gas and liquid phases gradually interchanged their positions along 

the lower wall of the bed often off-vertical posture (Figure 3-3b). 

The WMS measurements confirmed the fact that the roll and roll + pitch motions 

significantly influence the gas-liquid flow hydrodynamics inside the packed bed. To further 

highlight the gas-liquid displacement during the column angular oscillations, iso-surface 

visualizations in the form of 3-D Eulerian representations of the gas-liquid instantaneous 

patterns in the packed bed subjected to different motion periods of the roll and the roll + pitch 

are illustrated in Figure 3-4b,c, respectively. For direct comparison, the gas-rich and liquid-

rich presence for the stationary vertical and the 15°-inclined beds are presented in Figure 3-

4a in a similar fashion. 

 

 

Figure 3-4 3-D iso-surface visualization of gas-rich and liquid-rich presence for packed beds 

with (a) stationary vertical and 15° inclined postures, (b) roll motion, and (c) roll + pitch 

motion at Ug = 0.016 m/s and Ul = 0.0025 m/s 
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As seen from Figure 3-4a, the relatively even distribution of gas and liquid in the stationary 

vertical packed bed was deteriorated while tilting the bed by 15° forcing gas bubbles to 

migrate towards the upper wall region and accumulating liquid in the lower wall region, thus 

developing permanent phase segregation zones. However, the column rolling incited a 

transverse zigzag motion in the gas-liquid flow patterns (Figure 3-4b) clearly deviating from 

the nearly vertical and inclined trajectories observed, respectively, in the stationary vertical 

and 15°-inclined configurations (Figure 3-4a). Similarly, the alternative takeover of roll and 

pitch motions due to 90° phase lag aroused those irregularities in the gas-liquid flow patterns 

in the porous medium (Figure 3-4c). While the roll + pitch motion positioned the column in 

such a manner to be permanently tilted at 15°, its rotation around the central vertical axis 

imposed a swirling pattern in the gas-liquid flow. Such spatial discrepancy in the gas-liquid 

distribution of the entire bed length led to the rich variability of the bed overall pressure 

signals as shown in Figure 3-2a,b. It is worthy of notice that the wall-to-wall liquid and 

bubble migrations remained matching with the motion period for both tilting motions. These 

3-D visualizations helped to ascertain a supplementary effect of gravity when combined with 

inertia on the complexity of the packed-bed hydrodynamics under tilting motions. 

3.3.3 Residence time distribution and liquid dispersion 

Liquid dispersion in the packed bed additionally affected by column tilts and oscillations was 

also investigated. The axial dispersion plug flow model (ADM) with open-open boundary 

conditions was used to estimate the liquid residence time and the effective Péclet number.45,46 

Signals from the WMS were fitted to the two-parameter ADM by employing the imperfect-

pulse Aris method with non-linear fitting in the time-domain.47 The calculated mean liquid 

residence time and effective Péclet number are presented and discussed with respect to the 

gas-liquid flow patterns shown above. 

Figure 3-5 shows the effect of bed inclination on the mean liquid residence time and liquid 

effective Péclet number. To recognize the dispersive phenomena, the tracer signals registered 

by the lower and upper wire mesh sensors are plotted in Figure 3-5a. Excellent agreement 

was found between measured and back-calculated output signals for all column tilt angles 

(results not shown here). As can be seen from Figure 3-5b, slightly tilting the bed by 5° 
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resulted in a noticeable decrease of the mean liquid residence time because of facilitation of 

the passage of the major part of the tracer at the lower wall region, whereas it increased 

persistently with further tilting the bed on account of evolving gas-liquid disengagement 

zones objectified before (Figure 3-4a, 15°-inclined bed). Though tracer migration was 

relatively fast in the lower liquid-rich region, the slower liquid flow in the upper gas-rich 

region tended to spread part of the tracer leading to an increase in liquid residence time. In 

addition, the column inclination was found to appreciably influence the effective Péclet 

number. Figure 3-5b illustrates a monotonic decline in the effective Péclet number as a result 

of bed tilt due to the emerging segregated flow pattern, where the liquid flow became more 

dispersive. This is evident from the widened tracer signals of the inclined packed beds in 

comparison with those corresponding to the vertical bed (Figure 3-5a). 

 

 

 

Figure 3-5 (a) Measured inlet and outlet WMS response curves in the stationary packed bed 

with different inclination angles and (b) mean liquid residence time and liquid effective axial 

Péclet number as a function of bed inclination (Ug = 0.016 m/s and Ul = 0.0025 m/s) 

 



 

87 

 

The contribution to liquid dispersion by the hexapod tilting excitations in the packed bed was 

studied next. The tracer responses for the bed subjected to different periods of roll and roll + 

pitch motions are shown in Figure 3-6a,b, respectively. Under identical flow rate conditions, 

the solid and dashed black lines illustrated in Figure 3-6 show tracer responses, respectively, 

for the stationary vertical and 15° inclined bed configurations in order to make a direct 

comparison. 

 

 

 

Figure 3-6 Measured inlet and outlet WMS response curves in oscillating packed beds with 

different periods under (a1) roll motion and (b1) roll + pitch motion; corresponding mean 

liquid residence time and liquid effective axial Péclet number for (a2) roll motion and (b2) 

roll + pitch motion at Ug = 0.016 m/s and Ul = 0.0025 m/s. Corresponding results for 

stationary vertical and 15° inclined beds under similar flow rate conditions are drawn for 

comparison 

 

Obviously, the transverse zigzag (roll) and swirl (roll + pitch) motions of liquid flow resulted 

in more axial dispersion as exposed from widened tracer signals and lower Péclet numbers 

in comparison with the corresponding stationary vertical bed (Figure 3-6a,b). Moreover, an 

increasing motion period translated into a reduction of the Péclet number and an increase in 
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liquid residence time for both tilting motions. These observations highlighted the fact that 

the temporary development of gas-liquid segregated flow patterns in the packed bed under 

the high oscillation period (20 s) led to more severe liquid back-mixing. Yet, the effective 

Péclet number and the mean liquid residence time for the oscillating packed beds were away 

from those corresponding to the stationary 15° inclined bed since the time needed to complete 

the tracer elution was much longer in such inclined posture without any movement. 

 

 

 

Figure 3-7 (a) Measured inlet and outlet WMS response curves together with the fit of the 

outlet response to the ADM in stationary vertical beds and under non-tilting motions and 

(b) corresponding mean liquid residence time and liquid effective axial Péclet number at Ug 

= 0.016 m/s and Ul = 0.0025 m/s 
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In addition, the tracer responses of the packed bed with non-tilting motions (yaw, heave, and 

yaw) are shown in Figure 3-7a jointly with the back-calculated signals. Unlike in the packed 

bed with tilting oscillations, the effective Péclet number remained almost comparable with 

the value of the stationary vertical bed indicating less departure from liquid plug flow 

character, though the mean liquid residence time was noticeably decreased by the column 

vertical standing movements (Figure 3-7b). Among the tested non-tilting motions, heave 

manifested the lowest Péclet numbers and the highest mean liquid residence time, which can 

be imputed to the extra liquid back-mixing provoked by the vertical sliding up and down of 

the packed bed. Interestingly, the tracer signal modes and shapes for all column tilt angles 

and motion scenarii (tilting and non-tilting) remained practically consistent with those 

corresponding to the stationary vertical bed. 

3.3.4 Pulse flow regime 

In addition to the hydrodynamic characteristics under prevailing bubbly flow or 

segregated/bubbly flow, the effect of packed bed oscillation and motion period on the pulse 

flow regime was also examined. Representative time-series of the cross-sectionally averaged 

liquid saturation are shown for roll (Figure 3-8b) and roll + pitch (Figure 3-8c) motions 

following two motion periods of 5 s and 20 s as well as for the stationary vertical and 15° 

inclined beds (Figure 3-8a). In all cases, gas and liquid superficial velocities were constant. 

To highlight the evolving flow structure, 3-D Euler representations of gas-rich and liquid-

rich presence and liquid pulse are also presented in Figure 3-9 in correspondence with Figure 

3-8 modalities. As seen from both figure sets, a clear pulsing flow became visible in the 

stationary vertical whereas those widespread pulses tended to disappear with inclining the 

bed by 15° as a consequence of the formation of the segregated/bubbly flow regime (Figure 

3-8a,9a). As highlighted earlier, the gravity-driven force in the 15°-inclined bed diminished 

the gas-liquid interaction by preferentially pulling liquid to the lower wall region and 

facilitating gas bubbles to escape toward the upper wall region. 
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Figure 3-8 Instantaneous cross-sectional averaged liquid saturation for packed beds with (a) 

stationary postures, (b) roll motion, and (c) roll + pitch motion at Ug = 0.10 m/s and Ul = 

0.0025 m/s 

 

Examination of the pulsing flow regime after the bed was subjected to the roll motion 

revealed that pulse inception and amplitude were strictly controlled by the oscillation period 

(Figure 3-8b,9b). The rolling period of 20 s manifested an intermittent pulsing flow regime, 

the emergence of which coincided with straightening of the column posture during 

oscillations, i.e., from ϴ = +15° (or -15°) to ϴ = 0°. By approaching to verticality, the gas-

rich and liquid-rich regions tended to gradually disappear yielding intensified gas-liquid 

interactions and emergence of pulses thereof. Nevertheless, rolling the bed by 5 s periods did 

not exhibit such liquid pulses. This was attributed to the increase in the breakup rate of 

gas/liquid slugs by virtue of the intensified transverse forces in the bed cross-section 

stemming from the relatively fast angular oscillation of the column. In the roll + pitch motion, 
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on the other hand, liquid pulses covering almost the entire bed cross-section were not 

observed for both the 5 s and 20 s motion periods as illustrated in Figure 3-8c,9c. This 

observation highlights the fact that an off-vertical position due to the 90° phase lag between 

roll and pitch prevented accumulation of more liquid in the bed voidage, thus dramatically 

diminishing competition between gas and liquid to occupy the pores. 

 

 

Figure 3-9 3-D iso-surface visualization of gas-rich and liquid-rich presence and liquid pulse 

for packed beds with (a) stationary postures, (b) roll motion, and (c) roll + pitch motion at Ug 

= 0.10 m/s and Ul = 0.0025 m/s 

 

The above results revealed that the flow regime prevailing in the oscillating packed bed was 

quite different from the one occurring in the stationary vertical and the 15° inclined bed 

configurations. To highlight this difference, two orthogonal regions adjacent to the wall were 

selected from the 2-D WMS slice, as illustrated in Figure 3-10 with red (region RI) and blue 

(region RII) colors inside a circle representing the bed cross-section. The instantaneous 

evolutions of the spatially-averaged liquid saturation for these regions were plotted in Figure 

3-10a,b, respectively, for roll and roll + pitch motions. 
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Figure 3-10 Liquid saturation time series in two different wall regions (RI and RII) of same 

bed cross-section for the packed bed under (a) roll motion and (b) roll + pitch motion for 20 

s oscillating period (Ug = 0.10 m/s and Ul = 0.0025 m/s) 

 

A noticeable spatial inhomogeneity in the crosswise liquid distribution is evident from the 

zonal liquid saturation time series for roll and roll + pitch motions. While the liquid saturation 

of RI exhibited a periodic behavior by rolling the bed due to being subjected frequently to 

the lowermost position (ϴ = +15°) and the uppermost position (ϴ = -15°), RII was found to 

be almost unaffected in response to the column rolling though it was also adjacent to the wall 

(Figure 3-10a1,a2). Conversely, the roll + pitch motion induced significant oscillations in the 

liquid saturation time series of both RI and RII. Oscillations observed in Figure 3-3a,b for 

the uniformity factor can be attributed to these periodic behaviors of regions in the bed cross-

section. 
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In addition, further examination of the zonal liquid saturation for roll and roll + pitch motions 

revealed the coexistence of different flow regimes in the moving packed bed. The dispersed 

bubbly flow regime was reflected as high-frequency low-amplitude fluctuations in the crests, 

whereas the smoothed character of liquid saturation time series along with its lower values 

in the troughs suggested existence of a spray-like flow regime, where liquid phase became 

dispersed in the form of droplets and gas phase became the continuous phase (Figure 3-

10a1,b1-2). For the rolling bed, relatively high-amplitude fluctuations reminiscent of 

intermittent liquid pulses can be pinpointed at the approach of the crests, where the column 

reached to the vertical position (Figure 3-10a). Those pulses, however, were found to be 

barely discriminated in the liquid saturation time series of RII (Figure 3-10a2). 

 

 

 

Figure 3-11 Effect of liquid superficial velocity on pulsing dominance in region RI of the 

packed bed under (a) roll motion and (b) roll + pitch motion with different oscillating periods 

(Ug = 0.10 m/s and Ul = 0.005 m/s). Corresponding time series of cross-sectional averaged 

liquid saturation is also drawn on top-right corner of each graph 
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The effect of an increase of liquid superficial velocity (Ug = 0.005 m/s) on the prevalence of 

pulsing flow in the zonal regions described above was also examined for roll and roll + pitch 

motions under 5 s and 20 s oscillating periods. For the sake of conciseness, here only the 

results of the liquid saturation time series for RI are presented (Figure 3-11). Corresponding 

instantaneous variation of cross-sectionally averaged liquid saturations are also shown inside 

each graph on the top-right corner. As seen from Figure 3-11, augmented liquid superficial 

velocity appreciably intensified the gas-liquid interactions leading to the formation of more 

pulses for both roll and roll + pitch motions (Figure 3-11a,b). Interestingly, pulses emerged 

both in troughs and crests, regardless of the motion period, by increasing liquid superficial 

velocity. This was interpreted as due to the attainment of fully developed pulses being able 

to temporarily disperse the liquid over the entire cross-section of the oscillating bed despite 

persistence of a periodic behavior in the liquid saturation. 

3.4 Conclusion 

The effect of ship oscillations and tilt on the hydrodynamic behavior of packed beds with 

cocurrent gas-liquid upflow mode of operation was experimentally studied. A column packed 

with 3 mm glass beads was positioned firmly on a hexapod ship motion simulator being able 

to emulate single and compound degrees of freedom, i.e., translations (heave, surge, and 

sway) and rotations (roll, pitch, and yaw). Wire-mesh sensors (WMSs) were embedded in 

the packed bed to register the local instantaneous liquid saturation variations across the bed 

in order to characterize their flow patterns in the course of the bed excitations. Furthermore, 

residence time distribution experiments were conducted to determine liquid mean residence 

time and Péclet number using tracer signal analysis and Aris’s two-point detection method. 

The experimental findings indicated that: 

 All column oscillations induced a noticeable impact on the bed overall pressure drops 

and gas-liquid distribution. While roll and roll + pitch or the so-called tilting motions 

brought about remarkable oscillations in the pressure drop and uniformity factor time 

series, the non-tilting motions (i.e., surge, heave, and yaw) were found to augment 

these parameters though with some minor fluctuations.  
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 Increasing tilt angle of the stationary bed led to decreasing the Péclet number and 

augmenting the liquid mean residence time due to the development of gas-liquid 

disengagement zones. 

 The transverse zigzag (roll) and swirl (roll + pitch) motions of liquid flow resulted in 

more axial dispersion, whereas the Péclet number in the packed bed with the non-

tilting motions remained almost comparable with the value of the stationary vertical 

bed. 

 The tilting oscillations dramatically mitigated gas-liquid interactions by virtue of 

temporarily gravity-driven segregated flow patterns inside the bed resulting in a delay 

in the inception of pulsing flow regime.  

 The rolling period of 20 s manifested an intermittent pulsing flow regime, the 

emergence of which coincided with straightening of the column posture during 

oscillations. 

 Augmented liquid superficial velocity appreciably intensified the gas-liquid 

interactions leading to the formation of more pulses for both roll and roll + pitch 

motions. 

Nomenclature 

a  constant 

Ap  Amplitude (degree/mm) 

c  concentration (mol/L) 

D  dispersion coefficient (m2/s) 

f  frequency (Hz) 

H  axial distance from the top of packing 

i,j  pixel index 

K  conductivity (S/m) 
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L  axial distance between the wire-mesh sensors (m) 

n  column rotational velocity (rpm) 

N  time-series length 

NP  number of pixels in bed cross-section (-) 

Pe  Péclet number (uLL/ɛLDax)  

r  radial position (m) 

R  reactor radius (m) 

t  time (s) 

T  period (s) 

U  superficial velocity (m/s) 

V  voltage (V) 

Greek Letters 

  angular position during roll or roll + pitch motion (°) 

β  spatial-averaged liquid saturation 

   time-averaged liquid saturation 

ϕ  phase lag 

χ  degree of uniformity (-) 

τ  residence time (s) 

Subscripts 

ax  axial 
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g  gas 

l  liquid 

Abbreviations 

ADM  axial dispersion model 

RTD  residence time distribution 

WMS  wire-mesh sensor 

2-D  two-dimensional 

3-D  three-dimensional 
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Chapter 4: Prospect of Open-Cell Solid Foams for 

Floating-Platform Multiphase Reactor Applications ̶ 

Maldistribution Susceptibility and Hydrodynamic 

Behavior* 

 

                                                 
* Motamed Dashliborun, A., Füssel A., Larachi, F., 2018. Chemical Engineering Journal, 332, 596–607. 
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Résumé 

Les mousses solides à cellules ouvertes sont testées pour la première fois en tant que 

garnissages structurés prospectifs pour des colonnes flottantes afin d’évaluer leur potentiel 

pour des applications de réacteurs polyphasiques offshore. À l'aide d'un simulateur de 

mouvement de navire hexapode et de capteurs à mailles peu intrusives, l'effet des 

mouvements flottants des vaisseaux sur le comportement hydrodynamique des lits garnis de 

mousse de SiSiC en écoulement gaz-liquide co-courant descendant a été étudié. La réponse 

de la distribution gaz-liquide, la chute de pression globale du lit et la dispersion axiale liquide 

aux inclinaisons de colonne ainsi que les mouvements de translation et de rotation ont été 

acquis et comparés à leur configuration stationnaire (onshore) correspondante. La sensibilité 

à la mauvaise distribution et la susceptibilité des lits à base de mousse solide soumis à des 

inclinaisons et à des accélérations de navire ont été interprétées en termes de facteur 

d'uniformité des fluides. De plus, une technique d’injection impulsionnelle de traceur-

réponse-stimulus et un modèle de macro-mélange ont été utilisés pour estimer le temps de 

séjour moyen du liquide et le nombre de Péclet correspondant. Comme dans le cas des 

garnissages aléatoires, nous avons constaté que la mauvaise répartition des liquides 

prédominait dans les lits de mousse solide, avec des écarts d'uniformité plus grands pour les 

perturbations rotationnelles que pour les perturbations aux mouvements de translation. Les 

inclinaisons et les oscillations des vaisseaux affectent les performances hydrodynamiques 

des lits de mousse à cellules ouvertes, produisant des régimes d'écoulement transitoires gaz-

liquide séparés, des oscillations de la perte de charge et du facteur d'uniformité, ainsi qu'un 

écart notable par rapport à un écoulement piston idéaldu liquide. 
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Abstract 

Open-cell solid foams are tested for the first time as prospective structured packings in 

floating columns to evaluate their potential for offshore multiphase reactor applications. 

Using a hexapod ship motion simulator and low-intrusive wire-mesh sensors, the effect of 

floating vessel motions on the hydrodynamic behavior of SiSiC foam packed beds operated 

with cocurrent descending gas-liquid flow was comprehensively investigated. The response 

of gas-liquid distribution, overall bed pressure drop, and liquid axial dispersion to column 

tilts as well as translational and rotational motions was acquired and compared to their 

corresponding stationary (onshore) analog configuration. Maldistribution sensitivity and 

susceptibility of solid-foam packed beds subject to ship tilts and accelerations were 

interpreted in terms of fluid uniformity factor. Moreover, a stimulus-response tracer pulse 

technique and a macro-mixing model were used to estimate the liquid mean residence time 

and Péclet number. Similar to random packings, fluid maldistribution was found to prevail 

in solid-foam beds with deviations from uniformity greater for rotational than for 

translational perturbations. Vessel tilts and oscillations adversely affect open-cell foam bed 

hydrodynamic performance yielding transient gas-liquid segregated flow regimes, 

oscillations of pressure drop and uniformity factor, as well as notable deviation from liquid 

plug flow. 
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4.1 Introduction 

The chemical and petrochemical industries widely rely on multiphase packed-bed reactors 

with descending gas-liquid flow through random catalyst packings to carry out a large 

spectrum of catalytic reactions, including Fischer-Tropsch synthesis from syngas, catalytic 

hydrogenation of unsaturated hydrocarbons, hydroprocessing of crude oil, and so forth.1 The 

quality of fluid distribution across such porous structures is known to directly control the 

reactor performance2 where phase maldistribution entails reactor dysfunction through 

suboptimal catalyst utilization, poor mass transfer access to active sites, or restricted heat 

withdrawal which in return favors pellet dry-out and formation of local hotspots for 

exothermic reactions.3 Therefore, the initial fluid distribution and packing characteristics are 

key factors which are recognized to influence the gas-liquid distribution throughout the entire 

packed bed on account of the underlying fluid dynamics.4 In recent decades, extensive 

research on various designs of fluid distributors, distributor location, and various types and 

configurations of packing has been conducted to comprehend their effect on the behavior of 

fluid phase distribution inside packed bed reactors (see, for example,5-8). 

In the context of offshore industrial applications, packed beds are embarked on mobile sea 

platforms such as floating production, storage and offloading (FPSO) and floating liquefied 

natural gas (FLNG) units for onboard treatment and refining operations of hydrocarbons 

tapped from undersea reservoirs nearby their extraction sites.9,10 However, unlike the 

classical instance of motionless land-based oil and gas processing units, the fluid distribution 

in packed-bed reactors and contactors onboard FPSO units is likely to be altered by the 

oscillations from the hosting ships which only partially filter out the marine dynamics 

stemming from wind and swells.11,12 Therefore, offshore conditions compulsorily require 

consideration in the design stage of carefully conducted representative piloting tests to prove 

(or to debar) implementation of ad-hoc onboard packed bed systems for hydrocarbon 

treatment in deep water. 

A few published works are hitherto available in the literature on the gas-liquid distribution 

and flow dynamics specific to offshore floating packed beds. These studies can be classified 

mainly into two groups, those with focus: (1) on the design of adapted feed distributors or on 
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the selection of appropriate packings to curb the fluid maldistribution arising out of ship 

excitations11,13-16 and (2) on the elucidation of the hydrodynamics prevailing inside floating 

packed beds.12,17-24 The first group’s endeavors have been to ensure that fluid distribution 

remains as much as possible unaltered during column tilts and roll motions through 

developing uniform crisscross structured liquid distributors in which both collector and 

distributor are connected via one or several relatively long vertical pipes,13,15 partitioned 

distributor trays consisting of gas-passing chimneys and liquid-passing perforations,16 or 

through designing cross-corrugated packings comprising a stack of vertical corrugated strips 

with corrugations alternately inclined in opposite directions.14 Interestingly, the findings 

from the second group’s works have been revealing that column oscillations and stationary 

tilts extend the fluid maldistribution from top to bottom of the packed bed on account of the 

lowered downhill-slope and transverse inertial forces.12,17,20,24 

The effect of various types of emulated ship motions on the hydrodynamics of gas-liquid 

downflow in porous media was investigated by means of a hexapod ship motion simulator 

and a capacitance wire-mesh sensor.12,20 The experimental data unveiled serious deterioration 

of the fluid distribution and liquid axial dispersion as a consequence of subjecting the 

randomly-filled packed bed to ship translational (surge, sway, heave) and rotational 

oscillations (roll, pitch, yaw, roll + pitch). Likewise, structured packed columns with 

stationary tilts and rolling motions were also prone to noticeable liquid maldistribution.19,25 

Besides, CFD simulations of gas-liquid flow in random and structured packed beds under 

stationary tilts and rolling motions corroborated remarkable gas-liquid disengagement as well 

as reduction of liquid holdups and two-phase pressure drop.26-28 All above research pointed 

out that the fluid maldistribution stemming from ship tilts and motions is virtually inevitable 

for both random and structured packings. 

Open-cell solid foams have been recently introduced as a new generation of structured 

packings for replacements of randomly arranged particle packings. The open-cell solid foams 

with a continuous cellular structure provide higher open porosities, higher specific surface 

area, and more isotropy of bed geometry in comparison with conventional randomly packed 

beds.29-31 These characteristic features result in an appreciable reduction of bed pressure 

drops, more radial and axial mixing, and thus enhanced overall mass and heat transfer 
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rates.4,29,32-35 Moreover, the gas-liquid-solid catalytic hydrogenation of α-methylstyrene over 

Pd/Al2O3 catalyst wash-coats on stainless steel foams divulged enhanced overall mass 

transfer coefficients, about an order of magnitude larger than in conventional packed-bed 

reactors.36 Hydrodynamic studies of open-cell solid foams made of silicon in-filtered silicon 

carbide (SiSiC) operated with cocurrent descending gas-liquid flow showed high flexibility 

in operation over the trickling flow regime since the trickle-to-pulse flow transition is 

remarkably shifted towards much higher liquid and gas throughputs.37 Using an ultrafast X-

ray computed tomography, higher time-averaged liquid holdups and higher pulse velocity 

were measured for SiSiC solid-foam beds as compared to random packed beds.38 It was also 

reported that depending on poral density of solid foams, an appropriate liquid distributor 

ought to be selected in order to provide a homogenous liquid distribution in packings.4,31 

Most recently, the hydrodynamic characteristics of two types of solid foam i.e., alumina and 

silicon carbide, in terms of residence time distribution and liquid holdup were measured via 

a stimulus-response tracer pulse technique.39 The results revealed small deviations from plug 

flow behavior for the solid-foam beds where the liquid dispersion coefficients were 

comparable to those found for random packed beds. Meanwhile, the silicon carbide solid-

foam bed showed higher liquid holdup and volumetric mass transfer coefficient than the 

alumina foam mainly due to its higher wettability.  

Despite growing popularity among research circles of the open-cell solid foams as an 

alternative structured packing internal for promising reactor and contactor applications, 

investigations focusing on their potential for offshore floating applications are yet to be 

conducted. Hence, the aim of this present work is to provide a comprehensive knowledge 

about the hydrodynamic behavior of cocurrent downflow solid-foam packed beds onboard 

floating platforms. A detailed experimental study was carried out using a hexapod robot with 

six-degree-of-freedom motions and an embarked column instrumented with a capacitance 

wire-mesh sensor. The effect of column permanent tilts as well as rotational and translational 

oscillations on the hydrodynamic performance of solid-foam beds was scrutinized in terms 

of gas-liquid distribution, bed overall pressure drop, and deviation from liquid plug flow. 

Maldistribution sensitivity and susceptibility of foam packings subject to tilt and 

accelerations were interpreted through monitoring a fluid uniformity factor and comparing it 

with that corresponding to the conventional stationary vertical configuration. To determine 
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the liquid mean residence time and Péclet number, liquid residence time distribution (RTD) 

experiments were performed by implementing a stimulus-response tracer pulse technique 

and using a macro-mixing model. 

4.2 Experimental 

4.2.1 Floating packed bed setup 

Figure 4-1a shows schematically the laboratory-scale setup used in the present work together 

with the hexapod robot for ship motion simulations as well as the wire-mesh sensor (WMS) 

for liquid saturation measurements and tracer pulse detection. All hydrodynamic experiments 

were performed in a segmented transparent Plexiglas column of 1100 mm total height with 

an inner diameter of 57 mm.  Air and water, respectively, as gas and liquid phases were 

introduced at the top of the column in cocurrent downflow mode through a multipoint gas-

liquid distributor (Figure 4-1b) consisting of 22 needle orifices with 0.4 mm inner diameter 

for the gas supply and 9 capillaries with 1 mm inner diameter for the liquid. A peristaltic 

pump was employed to supply and control the liquid flow, while the gas flow rate was 

adjusted by means of a flow meter. The setup was operated in a recycle mode for the liquid 

phase at atmospheric pressure and room temperature. The gas-liquid mixture at the bottom 

of the column was discharged into a liquid tank run as a gas-liquid separator as well. 

Open-cell solid foams made of silicon in-filtered silicon carbide (SiSiC) – manufactured by 

Fraunhofer IKTS, Dresden, Germany – were used as foam packing (Figure 4-1c) and the 

properties of which are summarized in Table 4-1. The foams employed in this work belong 

to the group with the highest porosity amidst the ceramic foams, which in turn can result in 

the lowest pressure drop per unit length.37 In comparison with other open-cell solid foams, 

the liquid holdup values measured for the SiSiC foams are the highest reported in the 

literature hitherto for solid foams at cocurrent downflow mode of operation.31 Besides, the 

lower contact angle of water in silicon carbide (51°) due to being covered with a passivated 

silicon oxide layer results in a higher wettability, and thus this can yield in a larger effective 

surface area.39 All these characteristics are highly favorable for its application as a packing 

in gas-liquid packed bed reactors. Hence, ten 100 mm-high SiSiC foam modules were stacked 
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above the supporting lowermost mesh screen inside the column to yield a total bed height of 

1000 mm. The custom-made solid foam segments (57 mm diameter) fitted tightly against the 

column inner diameter without any additional sealing. No major bypass flow of the liquid 

was encountered. To prevent multiplicity of hydrodynamic states and to minimize hysteresis, 

prior to the experiments, the solid-foam bed was completely flooded and subsequently 

drained before to be operated for 30 min at pulse flow to ensure full bed pre-wetting 

according to the Levec and Kan methods, respectively.40,41 

 

 

Figure 4-1 a) Experimental setup of the stationary-moving packed bed with gas-liquid 

cocurrent downflow mode embarked on hexapod robot emulator, (b) liquid/gas distributor, 

(c) SiSiC solid foam, and (d) wire-mesh sensor 

 

Table 4-1 Properties of the SiSiC solid foam 

Nominal pore 

density (ppi) 

Length 

(mm) 

Diameter 

(mm) 

Porosity 

(-) 

Average cell 

diameter (mm) 

Average strut 

diameter (µm) 

Specific surface 

area (m2/m3) 

20 100 57 0.90 2.53 421 1296 
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The solid-foam bed was firmly positioned on a NOTUS hexapod platform (Figure 4-1a) in 

order to emulate floating packed-bed conditions onboard FPSO. Actual offshore conditions 

as well as simple motions are allowed owing to the six-degree-of-freedom motions including 

translations (surge, along Y direction; sway, along X direction; heave, along Z direction) and 

rotations (roll around Y axis; pitch around X axis; yaw around Z axis) as well as combined 

roll + pitch motions (RY + RX). Further, stationary vertical (0°) and tilted (5°, 10°, and 15°) 

packed bed postures were also included for the sake of comparison. To excite each motion, 

the hexapod robot followed a sinusoidal path with adjustable parameters given by: p = 

Apsin(2πft+ϕ) with Ap is the amplitude (mm for translation or degree for rotation); f is the 

frequency (Hz); t is the effective duration of movements (period) and ϕ is the phase lag. Table 

4-2 summarizes the programmed parameters for the hexapod motion covering typical 

conditions of a ship submitted to sea swells.42,43 For additional details on the hexapod ship 

motion simulator and representative video clips of the tested oscillations our previous studies 

can be consulted.12,20 

4.2.2 Measurements 

A differential pressure transmitter was used for pressure drop measurements through the 

solid-foam bed. The instantaneous readings of this sensor were recorded and transferred to a 

standard PC running a LabVIEW program for data acquisition. To monitor the evolution of 

liquid saturation distribution and detect the travelling tracer pulses, a low-intrusive WMS 

with matrix-like arrangement of the measuring points was employed (Figure 4-1d). The 

applied WMS consists of two horizontal planes, 1.5 mm afar, each with 16 parallel stainless 

steel wires of 0.4 mm diameter and 3.57 mm separation in-between. The wires in upstream 

and downstream planes are aligned orthogonally resulting in 256 sensing points with 188 

effective points inscribed within the cross-section of the cylindrical hosting column. 

The WMS technique provides high spatiotemporal images of liquid volumetric distributions 

in the whole bed cross-sections using, as a contrasting property, the difference between gas 

and liquid electrical permittivity values nearby the WMS sensing point voxels. However, by 

introducing conducting fluids such as a conductivity tracer over the regions being sensed 

gives rise to an unknown complex impedance described as a dielectric consisting of a 
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capacitor (associated with the sensed medium permittivity) and a resistor (assigned to the 

sensed medium conductivity).44 At an elevated conductivity, depending on the preliminary 

calibration and setting procedure of the WMS electronics, the resistive part of the complex 

impedance becomes dominant and the measured signal is logarithmically dependent on the 

conductivity only.29,45 This specific feature of WMS allows measuring the temporal evolution 

of conductivity tracer pulses and alteration of their shapes due to liquid back-mixing in the 

liquid flow along the packed bed.29,45,46 More details about the operating principle of WMS, 

calibration procedure, and data processing can be found elsewhere.12,45,47,48 

Two WMS arrays were installed between the foam segments at positions 200 mm (WMS 1) 

and 800 mm (WMS 2) downstream the packing. The two arrays were embedded in 10 mm-

thick layers of 3 mm glass beads to prevent short circuits arising from contact of the wires 

from different planes.29 Special care was taken to fixate the wire positions before mounting 

the next foam segment atop by carefully filling the glass spheres into the voids between the 

crossing WMS points. For residence time distribution (RTD) studies, an aqueous sodium 

chloride solution was briefly injected for 5 s upstream the liquid feeding line. An electrical 

conductivity meter monitored the liquid conductivity in the feed tank after tracer injection. 

Thus, signal baseline drifts due to accumulation of the tracer were prevented by regular 

replacement of the liquid with fresh deionized water. All WMS measurements were carried 

out at 100 Hz sampling frequency. 

The ideal plug flow reactor (PFR) and continuous stirred-tank reactor (CSTR) are the 

theoretical limits of fluid mixing in which there is no mixing and complete mixing, 

respectively. Therefore, all non-ideal reactors such as floating packed bed reactors have to 

lie between these two limiting cases. Notwithstanding that the two ideal flow behaviors can 

be easily described, flow fields that deviate from these limits are highly complex and become 

impractical to thoroughly model. Nevertheless, the axial dispersion model (ADM) can be 

used to describe reactor behavior over the entire range of mixing from PFR to CSTR.49 The 

ADM is based on the assumption of a Fickian type of dispersion and lumps all deviations 

from the ideal plug flow in one parameter known as the axial dispersion coefficient. It is 

worthy to mention that this model is not confined to single-phase, stationary configuration 

or isothermal conditions. Thus, this model is very general and has found widespread use due 
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to its simplicity, especially for modeling liquid-back mixing in multiphase systems such as 

packed bed reactors.7,12,22,29,32,35,46 Hence, the ADM with open-open boundary conditions was 

applied to estimate the liquid residence time and effective Péclet number.49,50 Instantaneous 

crossing-point signals of the WMSs were averaged in the bed cross-section and normalized 

to the total amount of tracer. The resultant signals were fitted to the two-parameter ADM by 

employing the imperfect-pulse Aris method with non-linear fitting in time-domain.51 

4.3 Results and Discussion 

In this section, the hydrodynamic characteristics of the descending gas-liquid flows in a 

column packed with open-cell solid foams under stationary tilting as well as translational and 

rotational oscillations are presented. The effect of column tilt angle and motion period on 

gas-liquid distribution and liquid dispersion behavior in foam packings is analyzed based on 

on-line images of the cross-sectional liquid distributions obtained from wire-mesh sensor 

measurements. 

4.3.1 Liquid distribution under stationary tilt and angular movements 

4.3.1.1 Stationary tilt posture 

Figures 4-2a,b show the effect of tilt angle on the gas-liquid distribution inside solid foams 

for the stationary packed bed at axial positions 200 mm and 800 mm downstream the upper 

end of the packing, respectively. The 2-D local time-averaged liquid saturations (Figures 4-

2a1-4,b1-4) were registered by WMS and the corresponding 1-D saturation profiles (Figures 

4-2aʹ1-4,bʹ1-4) were obtained by line-averaging the liquid saturation along the y-axis at each 

x-point. Here, the tilt direction is the x-axis. 
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Figure 4-2 2-D time-average liquid saturation distribution along with transverse profile of 

the x-direction-averaged liquid saturation as a function of column tilt angle at two bed 

heights: (a) H = 200 mm, (b) H = 800 mm (Ug = 0.154 m/s and Ul = 0.003 m/s) 

 

It is observed from both representation sets that the stationary vertical bed (0°) exhibited a 

quasi-even liquid distribution over the interrogated bed cross-sections. Nevertheless, column 

inclinations by 5, 10 and 15° noticeably deteriorated such uniformity in phase distribution at 

the expense of gravity-driven force pulling liquid to the lower wall regions and forcing the 

gas phase to migrate toward the upper wall regions. Such breakdown of symmetry in liquid 

saturation distribution became more noticeable at higher tilting angle (15°) where clear 

distinction between gas-rich and liquid-rich zones in the packing cross-section is 

recognizable. Similar observations were also reported in the literature for gas-liquid flow for 

other types of random and structured packings.12,17,19 It is interesting to note that the memory 

of uniform fluid distribution was reflected as a relatively low gas-liquid disengagement close 

to the column inlet (Figure 4-2a).  
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In order to quantitatively evaluate the quality of liquid distribution, a lumped criterion, 

namely a uniformity factor (χ) was defined based on the deviations of per-pixel liquid 

saturations from the cross-sectionally averaged liquid saturation:52 

2
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1 NP
i

iNP

 




 
  

 
  (2) 

where NP is the number of pixels in the image obtained from the WMS. βi and β denote, 

respectively, the ith pixel and the cross-sectional average liquid saturation. In this context, 

increasing values of uniformity factor denote worsening of the crosswise homogeneity of the 

liquid saturation over the bed cross-section. 

The uniformity factor was used to quantify the liquid distribution quality for the observations 

made earlier (Figure 4-3a). As expected, by incrementing the tilt angle the uniformity factor 

increased continuously at both bed heights though with different slopes. Highest uniformity 

factors between 1.4 and 1.5 were determined for the 15°-inclined bed indicating a severe 

maldistribution over the foam packing. Besides, higher values of the uniformity factor at H 

= 800 mm than at H = 200 mm underlined an important impact of the bed height on the 

distribution quality in the slanted open-cell solid foam packed beds. 

 

 

Figure 4-3 Effect of tilt angle on uniformity factor at (a) two bed heights (Ug = 0.154 m/s 

and Ul = 0.003 m/s) and under (b) different gas and liquid superficial velocities (H = 800 

mm) 
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Figure 4-3b compares the effect of gas and liquid superficial velocities on the extent of 

uniformity of liquid distribution over the cross-section of the solid-foam bed under different 

tilt angles. The results revealed a strong dependency of the uniformity factor on fluid 

superficial velocity. Increasing the liquid superficial velocity at constant gas throughput was 

accompanied with appreciably lower uniformity factor in both vertical and tilted packed beds 

due to irrigation of larger areas of the bed cross-section. This is in agreement with literature 

findings for conventional trickle-bed reactors.4,17,53 Unlike the effect of liquid velocity, two 

different behaviors for the uniformity factor profile were found with increasing gas 

superficial velocity. While no impact of gas superficial velocity on the uniformity factor was 

observed for the vertical (0°) bed, an increase of gas superficial velocity at constant liquid 

flow rate resulted in a dramatic augmentation of the uniformity factor for inclined packed 

beds. Such exacerbation of the liquid maldistribution can be ascribed to sizeable inertial 

forces stemming from high gas velocity whereby the liquid phase was further pushed away 

from the upper wall regions and thus forced to move toward the lower wall regions retracting 

the irrigated zones. Comparing the uniformity factors obtained for different gas and liquid 

superficial velocities in the solid-foam bed, highest uniformity factors were determined for 

the lowest liquid superficial velocity and the highest gas superficial velocity at every tested 

tilt angle. This result brings to light the strong correlation between uniformity factor and fluid 

throughputs in reactors packed with solid foams, especially, when in tilted postures. 

4.3.1.2 Angular movements 

Based on the instantaneous liquid saturation distributions obtained from WMS 

measurements, the uniformity factor was determined for the solid-foam bed after the column 

was submitted to the hexapod roll and roll + pitch motions or so-called tilting oscillations. 

The instantaneous evolutions of the uniformity factor resulting from different periods of roll 

and roll + pitch are summarized in Figures 4-4a1,b1. The gas and liquid superficial velocities 

were kept constant in all cases. In addition, the Eulerian slice8 representations of liquid 

saturation images are illustrated in Figures 4-4a2,b2 – in correspondence with Figures 4-

4a1,b1 – to get sense of the temporal development of the liquid flow field during the column 

angular oscillations. The Eulerian slices were generated with pixel liquid saturation data 

reconstructed along an arbitrary diametrical line, perpendicular to the flow direction, at 100 
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Hz pace and should be read from bottom to top. For more details on how to plot the Eulerian 

slice our group’s previous works can be consulted.8,20 

 

 

 

Figure 4-4 Effect of column (a) roll motion and (b) roll + pitch motion on the uniformity 

factor (a1,b1) and 2-D (Eulerian slice) visualization of liquid saturation (a2,b2) at H = 800 

mm (Ug = 0.062 m/s and Ul = 0.003 m/s) 

 

Column roll and roll + pitch motions induced a periodic variation in the uniformity factor 

time series (Figures 4-4a1,b1). This oscillation is due to secondary transverse displacements 

of the liquid in the radial and circumferential directions in the foam crosswise planes. Under 

hexapod roll motion, inclining the bed to ϴ = ±15° brought about maximum value in the 

uniformity factor time series whereas by relocating from ϴ = ±15° to ϴ = 0° the uniformity 

factor achieved its minimum value (Figure 4-4a1). It is worthy of mention that there was a 

strong effect of the rolling period on the oscillation amplitude. As the motion period 

increased, the oscillation amplitudes inflated and thus gas-liquid maldistribution became 
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more and more striking. The Eulerian slices of liquid saturation images presented in Figure 

4-4a2 for different rolling periods also confirm the periodic oscillation of the liquid 

distribution arising from a transverse zigzag motion of the fluids in the solid-foam bed. 

Likewise, the roll + pitch motion caused remarkable inhomogeneity in the gas-liquid flow 

patterns in the solid-foam bed (Figures 4-4b1,b2). Meanwhile, oscillation amplitudes of the 

uniformity factor time series shirked dramatically on account of the alternative takeover of 

roll and pitch motions due to 90° phase lag whereby the gas and liquid phases gradually 

interchanged their positions along the lower wall of the bed often off-vertical posture. Similar 

findings were also reported in the literature for a column packed randomly with spherical 

particles when submitted to above-mentioned tilting motions.12,20,24 

4.3.1.2.1 Liquid transverse partition 

The effect of column angular movements on the crosswise liquid distribution were 

investigated more closely by selecting three different regions from the 2-D WMS slice, as 

illustrated in Figure 4-5a1 with red (region RI), blue (region RII), and black (region RIII) 

colors inside the circle representing the bed cross-section. RI and RII were two orthogonal 

regions adjacent to the wall, whereas RIII was a region located in the center. Figures 4-5a1,b1 

depict the time-series variations of the spatially-averaged liquid saturations for RI-RIII after 

the solid-foam bed was subjected to the hexapod roll and roll + pitch motions, respectively. 

As seen from the zonal liquid saturation time series, both tilting motions initiated a serious 

spatial discrepancy in the cross-sectional liquid distribution. While the liquid saturation of 

both RI and RII oscillated with a periodicity equal to the motion period under the roll + pitch 

(Figure 4-5b1) due to being submitted frequently to the lowermost (ϴ = +15°) and uppermost 

(ϴ = -15°) positions, only RI exhibited such periodic behavior by rolling the bed (Figure 4-

5a1). RIII, on the other hand, revealed more or less a constant liquid saturation profile in the 

course of both hexapod roll and roll + pitch excitations. From these results, it can be 

concluded that those fluctuations observed in Figures 4-4a1,b1 for the uniformity factor 

stemmed from periodic behavior of the zonal liquid saturation in the bed cross-section. 
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Figure 4-5 Temporal variation of liquid saturation in different regions of same bed cross-

section for the packed bed under (a) roll motion and (b) roll + pitch motion for 20 s oscillating 

period at Ug = 0.062 m/s and Ul = 0.003 m/s, (a1,b1) RI to RIII for tilt angle θ = 15°, (a2,b2) 

RI for tilt angles θ = 5° and 15° 

 

The liquid saturation profile of RI was also monitored to find out the impact of column 

oscillation angle. Expectably, limiting the tilt angle from ϴ = 15° to ϴ = 5° resulted in a 

considerable decrease in the intensity of liquid saturation oscillations as is evident from 

Figures 4-5a2,b2. This observation underlines the fact that the oscillation angle of column 

had a major contribution to accumulation of the liquid in the lower-wall regions and the wall-

to-wall liquid displacements thereof. A gross transverse migration of liquid across the solid-

foam bed at a high oscillation angle of ϴ = 15°, as reflected in sever fluctuations of the RI 

liquid saturation (red line), would alter drastically liquid film thickness, consequently 

distorting associated parameters to the effective area of foam packing. 

Moreover, it is of significance to note that crests and troughs in the liquid saturation profile 

of RI for roll and roll + pitch motions lacked similarity. While the smoothed evolution of 

liquid saturation with lower values in the troughs reflected a prevailing trickle flow regime, 
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high-frequency fluctuations emerged in the crests suggested existence of a pulse-type flow 

regime, in which the amplitude of fluctuations was relatively low (red line, Figure 4-5). 

4.3.1.2.2 Probability density function 

Since the probability density function (PDF) of time-series signals in different multiphase 

flow regimes bears different signatures,54 analysis of PDF can provide useful information 

about those signatures. Therefore, liquid saturation time series from WMS measurements 

were further converted into their corresponding PDF. This latter returns the probability of the 

occurrence of each liquid saturation value estimated based on a normal kernel function.55 The 

PDFs of the instantaneous cross-sectional averaged liquid saturation and the liquid saturation 

signals for RI are presented, respectively, in Figures 4-6a,b for both tilting motions with 15° 

tilt angle under 5 s and 20 s oscillating periods. The PDFs for the limiting cases of stationary 

vertical and 15°-inclined configurations under identical flow rate conditions are also plotted 

for comparison. 

 

 

Figure 4-6 Probability density function (PDF) of (a) the cross-sectional averaged liquid 

saturation and (b) the RI liquid saturation for different packed-bed configurations at Ug = 

0.062 m/s and Ul = 0.003 m/s 

 

It is recognizable from the PDFs of the time-series of cross-sectional averaged liquid 

saturation that there were typical shapes or signatures when the packed bed deviated from 

upright posture (Figure 4-6a). Generally, for the packed bed with the stationary 15° 

inclination as well as under roll and roll + pitch motions, the PDF peak shifted to the right of 
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the corresponding plot of the vertical configuration (dotted black line) to a higher liquid 

saturation. Moreover, the peak acquired a lower probability and the PDF tail became broader. 

All these mirror formation of a segregated flow regime where liquid-rich lowermost and gas-

rich uppermost regions developed across the bed. It is worthy of notice that the roll + pitch 

motion exhibited such a PDF expanded over a wider range of liquid saturation values and 

markedly shifted towards higher values as compared to the PDF signature of the rolling bed. 

This difference in signature rests on the fact that, for the roll, the bed periodically comes 

across vertical postures, whereas for the roll + pitch, it occupies permanently tilted positions 

while in rotation. Besides, an increasing motion period translated into broadening of the PDF 

signature and lowering the probability of peak for both tilting motion. Interestingly, the PDFs 

of the liquid saturation time series for RI under both the roll and roll + pitch motions 

manifested distinct double peaks (Figure 4-6b). One peak emerged at a high liquid saturation 

indicating accumulation of liquid due to being in the lowermost regions, while the other peak 

appeared at a low liquid saturation corresponding to the gas-rich uppermost regions. This 

stresses out the coexistence of two different flow regimes, i.e., trickling and pulsing, in the 

cross section of oscillating beds as already observed from the liquid saturation profile of RI 

in Figure 4-5. 

4.3.2 Pressure drop under stationary tilt and angular movements 

The effect of column tilts and angular oscillations on the two-phase pressure drop behavior 

of the solid-foam bed was studied next. Figure 4-7a shows that the bed overall pressure drop 

decreased monotonically as the tilt angle of stationary solid-foam bed increased. This 

reduction was ascribed to a prevailing gravity-driven force in tilted beds contributing to allay 

the intensity of gas-liquid interactions due to gas-liquid disengagement. The instantaneous 

variations of the bed pressure drop were also registered in an oscillating solid-foam bed after 

the column was subjected to hexapod tilting motions. Column angular oscillations induced 

noticeable fluctuations in the time-series of the bed overall pressure drop as can be 

straightforwardly captured from Figure 4-7 for the roll (b) and roll + pitch (c) motions with 

a constant amplitude of Ɵ = 15° evolving within periods of 5 and 20 s, respectively. 
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Figure 4-7 Effect of column tilts and oscillations on the overall bed pressure drop at Ug = 

0.154 m/s and Ul = 0.003 m/s: (a) static tilt (b) roll, (b) roll + pitch 

 

For the rolling bed, those minima in pressure drop reflect a reduction of the gas-liquid 

interactions due to channeling of gas and liquid flows at the approach of the extreme tilt 

positions Ɵ = ±15°, whereas maxima manifested when the bed came across verticality (Ɵ = 

0°), where the gas-rich and liquid-rich regions tended to disappear. Similarly, the 

superimposed roll + pitch motion imposed an oscillating behavior to the time series of bed 

pressure drop (Figure 4-7c). It is of significance to notice that the time-averaged pressure 
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drops for the roll and roll + pitch at all motion periods (dashed lines) were higher than that 

of that of the conventional stationary upright bed (ca. 570 Pa/m). This highlights the 

appreciable contribution of inertial forces obtained by the flowing fluids inside the foam 

packing in response to the bed swells. Nevertheless, a marginal effect of the motion period 

on the time-averaged pressure drop was found. Still, each motion period brought specific 

signatures to the time series of bed pressure drop during the roll and roll + pitch excitations. 

4. 3.3 Liquid distribution and pressure drop under translational motions 

and yaw 

In addition to angular movements, the effect of column translational oscillations on the 

hydrodynamic characteristics of the solid-foam bed was also examined. Representative time-

series of the uniformity factor and the bed overall pressure drop for non-tilting motions, i.e., 

heave, surge/sway, and yaw, are illustrated in Figures 4-8a and b, respectively. As seen from 

both figure sets, almost a constant profile became visible for the uniformity factor and the 

pressure drop when the column was experiencing heave (vertical column sliding up and 

down, TZ) and yaw (vertical column wobbling around its revolution axis, RZ) motions. This 

means that the two-phase flow in the solid-foam bed remained almost indifferent to such 

types of excitations. The sway/surge (vertical column moving forward and backward, TY or 

TX), on the other hand, fairly perturbed the gas-liquid distribution and interaction, prompting 

discernible fluctuations in the time series of uniformity factor and bed overall pressure drop, 

respectively. Generally, the average pressure drop for translational motions was more or less 

comparable with that of the stationary vertical bed. Meanwhile, only the heave motion tended 

to exceed slightly the uniformity factor value of the stationary bed. 
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Figure 4-8 Effect of column non-tilting oscillations (surge/sway, heave, and yaw) with 5 s 

period on time series of (a) the uniformity factor and (b) the overall bed pressure drop at Ug 

= 0.154 m/s and Ul = 0.003 m/s 

 

4.3.4 Residence time distribution and liquid dispersion 

Liquid saturation measurements and pressure drop data presented earlier revealed that 

column tilts and motions remarkably influenced the gas-liquid flow hydrodynamics inside 

the solid-foam bed. To complement the hydrodynamic characterization, additional 

contribution of bed tilts, translations, and translations on liquid back-mixing in the foam 

packing was also studied. Figure 4-9 presents the mean liquid residence time and effective 

Péclet number derived from residence time measurements as described in the experimental 

section. Here, as an illustration, representative tracer signals registered from the lower and 

upper WMS and the back-calculated signals for the limiting cases of stationary vertical and 

15°-inclined beds are plotted in Figure 4-9a. As shown on this figure, there was an excellent 

agreement between measured and back-calculated output signals for both bed configurations. 

The characteristic negative slope of the mean liquid residence time and effective Péclet 

number in Figure 4-9b revealed a significant impact of column tilt angle on these parameters. 

As highlighted earlier, column deviation from verticality prompted gas-liquid disengagement 

zones in the solid-foam bed. Such segregation redirected the major part of the tracer towards 

the lowermost liquid-rich zones facilitating its passage though the foam packing. 

Furthermore, emergence of segregated flow pattern resulted in a more dispersive behavior 

for the liquid flow as exposed from the widened tracer signals of the 15°-inclined bed (Figure 
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4-9a) as well as a monotonic decrease of the effective Péclet number with incrementing the 

tilt angle (Figure 4-9b). 

 

 

 

Figure 4-9 (a) Measured inlet and outlet WMS response curves together with the fit of the 

outlet response to the ADM in the stationary vertical (0°) and 15°-inclined beds, (b) mean 

liquid residence time and liquid effective axial Péclet number as a function of bed tilt, and 

mean liquid residence time and liquid effective axial Péclet number for (c) roll motion and 

(d) roll + pitch motion (Ug = 0.062 m/s and Ul = 0.003 m/s) 

 

Figure 4-9c shows the contribution of hexapod tilting oscillations to the deviation of liquid 

flow from plug flow behavior. Clearly, secondary transverse displacements of the liquid in 

the bed cross-section due to time-dependent gravitational and inertial forces caused more 

axial dispersion as reflected in noticeably lower Péclet numbers as compared to that of the 

stationary vertical configuration. In addition, liquid back-mixing became more severe for 

both tilting motions by increasing the motion period to T = 20 s on account of temporary 

evolving gas-rich and liquid- rich regions. Interestingly, the mean residence time was 

revealed to be only slightly affected by the roll and roll + pitch motions and remained almost 
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comparable with the value of the stationary vertical bed. A dramatic augmentation of liquid 

axial dispersion and reduction of mean liquid residence time were also found for the solid-

foam bed with non-tilting movements (yaw, heave, and yaw) as illustrated in Figure 4-9d. 

This observation indicates that upright standing oscillations of the packed bed led to notable 

deviations from liquid plug flow in spite of barely affecting the uniformity factor and pressure 

drop (Figure 4-8). The above results are in line with literature findings for a randomly packed 

column with spherical particles when exposing to tilting and non-tilting movements.12,22 

4.3.5 Comparison of solid foam and conventional random packings 

The hydrodynamic behavior observed for the solid-foam bed under static tilts and roll motion 

was compared to that of a fixed bed of randomly filled spherical glass particles (Figure 4-

10). It is recognizable from the 2-D local time-averaged liquid saturations and the 

corresponding 1-D saturation profiles in Figure 4-10a that column tilt by 15° influenced the 

gas-liquid distribution in the solid-foam bed more than in the conventional random packing. 

The evolution of uniformity factor as a function of column tilt angle also confirmed a more 

maldistribution over the solid-foam bed than the random packing with increasing the tilt 

angle (Figure 4-10b). Interestingly, despite an adverse impact of increasing gas superficial 

velocity on the liquid distribution in tilted foam packings, no effect of gas superficial velocity 

on the uniformity factor was found for the conventional random bed, as shown in Figure 4-

10b. The time-series variation of the spatially-averaged liquid saturations for RI in the foam 

and random packings was compared after the beds were subjected to the roll motion (Figure 

4-10c). While the roll motion induced a sever oscillation of the RI liquid saturation in both 

solid-foam and random beds, wave morphological characteristics were different for these 

packings. The solid-foam bed manifested a quasi-square wave with sharp front and tail, 

whereas a sinusoidal liquid wave appeared in the random particle packing. This behavior of 

the random packed bed (3 mm particle diameter and ca. 0.4 porosity) can be ascribed to lower 

voidage and higher capillary effects, thereby more filtering the impact of column tilts and 

oscillations. Besides, the comparison of effective Péclet numbers between the solid-foam bed 

and a random packed bed under static tilt and roll motion revealed a more deviation of liquid 

flow from plug flow behavior in the former, as illustrated in Figure 4-10d. 
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Figure 4-10 Comparison of the solid-foam and random packed beds: (a) 2-D time-average 

liquid saturation distribution and the corresponding 1-D saturation profiles at Ug = 0.154 m/s 

and Ul = 0.003 m/s, (b) effect of tilt angle and gas superficial velocity on uniformity factor 

at Ul = 0.003 m/s, (c) time-series variation of the RI liquid saturation under roll motion of 20 

s period  (Ug = 0.062 m/s and Ul = 0.003 m/s), (d) liquid effective axial Péclet number (Pe 

data of the random packing obtained from Assima et al.12) 

 

4.4 Conclusion 

In the present work, a detailed experimental study on the hydrodynamic behavior of 

descending gas-liquid flow in a SiSiC solid-foam packed bed was performed to emulate 

offshore conditions using a hexapod ship motion simulator and wire-mesh sensors. The 

hydrodynamic characteristics in terms of gas-liquid distribution, bed overall pressure drop, 

and deviation from plug flow were examined under different column tilt angles, ship motion 

scenarii, and fluid superficial velocities. To analyze maldistribution sensitivity and 

susceptibility in the foam packing in the course of the bed excitations, a fluid uniformity 

factor was defined on the basis of deviations of per-pixel (local) liquid saturations with 
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respect to the cross-sectionally averaged liquid saturation. The incidence of dispersive 

phenomena and back-mixing in the floating solid-foam bed was recognized by tracer 

injection applying stimulus-response technique and a macro-mixing model to estimate the 

liquid mean residence time and the Péclet number. The obtained results for the floating solid-

foam bed were qualitatively discussed on account of those for conventional stationary 

vertical configuration. The main findings of this study are summarized as follows: 

 Increasing the column tilt angle noticeably deteriorated uniformity of phase 

distribution in the foam packing by virtue of the gravity-driven force pulling liquid 

to the lower wall regions and forcing the gas phase to migrate toward the upper wall 

regions. 

 More worsening of phase maldistribution at H = 800 mm than at H = 200 mm 

highlighted an important impact of bed height on the distribution quality in tilted 

foam packings. 

 Increasing liquid superficial velocity at constant gas throughput appreciably 

enhanced homogeneity of the liquid phase across the foam packing, whereas an 

adverse effect of gas superficial velocity was found on the liquid distribution.  

 Column roll and roll + pitch motions induced a periodic variation in the time-series 

of uniformity factor and bed overall pressure drop due to secondary transverse 

displacements of fluids in radial and circumferential directions. 

 Increasing the motion period inflated oscillation amplitudes and thus the gas-liquid 

maldistribution became more and more intense. 

 A marginal impact of non-tilting motions (i.e., surge, heave, and yaw) was found on 

the gas-liquid flow in the foam packing. 

 Analysis of the time-series of zonal liquid saturations and the corresponding 

probability density function revealed the coexistence of two different flow regimes in 

the cross section of oscillating solid-foam beds. 
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 Increasing tilt angle of the stationary solid-foam bed resulted in decreasing the Péclet 

number and the liquid mean residence time on account of the emergence of gas-liquid 

segregated flow pattern. 

 All tilting and non-tilting oscillations of the solid-foam packed column led to more 

deviations from the liquid plug flow character. 

Albeit open-cell solid foams can be beneficial in many land-based industrial applications and 

offered clear advantages over conventional randomly packed beds, findings from the present 

study indicate that column tilts and motions stemming from marine swells could adversely 

affect the distribution of descending gas-liquid flow inside coarse foam packings (20 ppi) 

with very large open porosity, which would ultimately result in reductions of unit operation 

efficiency. Meanwhile, it should be noticed that the extent of porosity and cell size in open-

cell foams can be adjusted in a wide range, leading to different pressure drops, mixing 

behavior, and resistance against gas-liquid disengagement. Hence, the influence of offshore 

conditions and their detrimental impacts on the solid-foam packed bed ought to be considered 

in the design of floating production units in order to effectively exploit those advantages of 

foam packings. 

Nomenclature 

Ap  Amplitude (degree/mm) 

D  dispersion coefficient (m2/s) 

F  frequency (Hz) 

H  axial distance from the top of packing 

L  axial distance between the wire-mesh sensors (m) 

NP  number of pixels in bed cross-section (-) 

Pe  Péclet number (UlL/ɛLDax)  
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t  time (s) 

T  period (s) 

U  superficial velocity (m/s) 

Greek Letters 

Ɵ  tilt angle/angular position during tilting motion (°) 

β  spatial-averaged liquid saturation 

βi  ith pixel liquid saturation 

ϕ  phase lag 

χ  degree of uniformity (-) 

τ  residence time (s) 

Subscripts 

ax  axial 

g  gas 

l  liquid 

Abbreviations 

ADM  axial dispersion model 

PDF  probability density function 

RTD  residence time distribution 

WMS  wire-mesh sensor 
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1-D  one-dimensional 

2-D  two-dimensional 
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Chapter 5: Cyclic Operation Strategies in Inclined and 

Moving Packed Beds  ̶  Potential Marine Applications for 

Floating Systems* 

 

                                                 
* Motamed Dashliborun, A., Larachi, F., Hamidipour, M., 2016. AIChE J., 62(11), 4157–4172. 
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Résumé 

L'hydrodynamique d'un lit garni à alimentation cyclique soumis à des oscillations de colonne 

et à l'obliquité de celle-ci a été étudiée. La tomographie à capacitance électrique (ECT) et des 

capteurs à maillage capacitif (WMS) ont été utilisés pour mesurer la saturation liquide locale 

instantanée dans les lits stationnaires inclinés et mobiles. Un simulateur de houle avec des 

mouvements de six degrés de liberté a été utilisé pour émuler le comportement des lits fixes 

flottants. Les résultats ont révélé que l'inclinaison de la colonne à partir de la position 

verticale a considérablement diminué les pulsations liquides engendrées par différentes 

stratégies d'opération cyclique. Cependant, des opérations cycliques alternées ON-OFF 

liquide et gaz/liquide sont sont révélées meilleures afin de conserver l'identité des pulsations 

cycliques dans le lit incliné contribuant ainsi à diminuer la mal-distribution des phases 

résultant de l'inclinaison du lit. Il a également été trouvé que des rapports de division 

symétrique et non-symétrique du mode cyclique liquide ON-OFF étaient capables de 

diminuer de façon notable la mauvaise distribution des fluides dans le lit garni oscillant. Cette 

étude ouvre des perspectives d'intensification des processus des réacteurs et des contacteurs 

à lit fixe flottants. 
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Abstract 

The hydrodynamics of a periodically operated packed bed subjected to column oscillations 

and obliquity was studied. Electrical capacitance tomography (ECT) and capacitance wire 

mesh sensors (WMS) were employed to measure the local instantaneous liquid saturation in 

stationary slanted and moving packed beds, respectively. A swell simulator with six-degree-

of-freedom motions was applied to emulate the behavior of floating packed beds. The results 

revealed that column inclination from the vertical position considerably decayed liquid 

waves excited by different cyclic operation strategies. However, ON-OFF liquid and 

gas/liquid alternating cyclic operations showed an attempt to conserve wave identity in the 

slanted bed and to decrease phase maldistribution resulting from bed inclination. It was also 

found that symmetric and non-symmetric split ratios of ON-OFF liquid cyclic mode were 

able to noticeably decrease fluid maldistribution in the oscillating packed bed. This study 

opens up possible prospects for process intensification of floating packed bed reactors and 

contactors. 
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5.1 Introduction 

Oil and gas extraction and processing industries have been widely using packed beds as 

multiphase contactors and reactors, where gas and liquid phases flow through a column 

randomly packed with solid particles.1 Hydrodesulphurization and hydrodemetallization of 

crude oil, hydrogenation, oxidation, and Fischer-Tropsch are amongst the processes that have 

been carried out in these reactors. Recently, exploration of oil and gas fields in deeper water 

and remote offshore areas has led the petroleum industry to extend the functionality of packed 

beds for applications on floating platforms to ensure economic viability and monetization of 

such remotely tapped hydrocarbons.2-4 

Floating Production Storage and Offloading (FPSO) and Floating Liquefied Natural Gas 

(FLNG) are innovative technologies which treat and refine the hydrocarbons extracted from 

under-sea reservoirs in the vicinity of the extraction site using on-board scrubbers and 

reactors.5 FPSO vessels in fact integrate a large number of processing units including 

extraction, production, and storage operations on the same floating system.6,7 As a readily 

movable complex for development of small or remote oil and gas fields in deeper water, 

FPSO eliminated installation of costly hyphenating pipelines to onshore refineries.8,9 

Furthermore, operations onboard can effectively run during seaborne transport of crude oil 

to produce en route a range of fuels and petrochemicals using scrubbers and reactors similar 

to those in operation in onshore aboveground facilities.10 

However, operation of floating reactors and separation columns on embarked FPSO or so-

called mini-refineries undergoes remarkable technical challenges stemming from complex 

sea states. Ship motions and inclination initiated by marine swells certainly affect the packed 

bed reactor hydrodynamics and thus its performance. Recently, Assima et al.11 and Motamed 

Dashliborun and Larachi12 experimentally investigated the effect of vessel motions on the 

hydrodynamics of descending gas-liquid cocurrent flows in porous media via a laboratory-

scale packed bed embarked on a hexapod ship motion simulator and submitted to a variety 

of motion regimes. They applied a capacitance Wire Mesh Sensor (WMS) to measure the 

local instantaneous liquid saturation variations in the bed cross-section. The results revealed 

that all ship translational (surge, sway, heave) and rotational oscillations (roll, pitch, yaw, 
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roll + pitch) exacerbated phase maldistribution and liquid dispersion in comparison with the 

conventional upright beds. Besides, tilting motions (roll, pitch, roll + pitch) led to significant 

frequency-dependent pressure fluctuations. Motamed Dashliborun and Larachi12 also 

detected a shift in the regime transition point from tickle flow or segregated/trickle flow to 

pulse flow towards higher fluid velocities by decreasing the oscillation frequencies of roll or 

roll + pitch movements. In parallel, Iliuta and Larachi13 developed a transient 3-D two-fluid 

model for simulation of gas-liquid downflow in vertical, slanted, and oscillating packed bed 

reactors. Contrary to the stationary vertical and inclined configurations, angular oscillations 

of the packed bed induced periodic variations of cross-sectionally averaged liquid holdups 

and two-phase pressure drop. They ascribed this oscillatory behavior to the complex reverse 

secondary flows in the radial and circumferential directions. 

Apart from these works, some researchers paid more attention to comprehensively study the 

effect of different tilt angles on the hydrodynamics prevailing inside stationary packed beds 

in three gas-liquid contacting modes, namely, cocurrent downward,14,15 cocurrent upward,16 

and countercurrent17 or when cocurrent downflow slanted packed beds are subjected to axial 

vessel rotations.18-21 

Schubert et al.15 using Electrical Capacitance Tomography (ECT), experimentally 

demonstrated that column obliquity noticeably changed the hydrodynamic behavior of two-

phase gas-liquid descending flows in packed beds. Their results brought to light the strong 

correlation between gas-liquid segregation and column inclination angle. Moreover, pulse 

flow regime properties such as pulse frequency and propagation velocity were found to 

decrease as compared to conventional vertical trickle-bed reactors. Numerical simulations of 

gas-liquid downflow in slanted porous media through the relative permeability model within 

an Eulerian computational fluid dynamics framework corroborated remarkable gas-liquid 

disengagement and liquid saturation reduction as a consequence of bed deviation from 

verticality.14 Bouteldja et al.16 studied the hydrodynamics of slanted packed beds operated 

with cocurrent ascending gas-liquid flows. The main reason of the decrease of pressure drop 

at higher inclinations was due to gas-liquid segregation which in turn diminishes phase 

interactions. It was also reported that augmentation of the bed inclination increases the cross-

sectional averaged liquid saturation as a result of the replacement of bubbles by liquid phase. 
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Wongkia et al.17 more recently applied column obliquity as a new method to delay the 

flooding onset in countercurrent packed beds at the expense of gas-liquid segregation. Their 

results divulged a reduction of both the two-phase pressure drop and liquid saturation as well 

as worsening of phase maldistribution similar to slanted trickle beds. Likewise, Assima et 

al.22 proposed column inclination to accelerate liquid draining rate in packed beds. They 

employed an ECT sensor to monitor liquid saturation profiles and textural flow regimes in 

different bed tilt angles. Bieberle et al.18 and Härting et al.19-21 subjected inclined packed beds 

to a superimposed vessel rotation for taking advantage of gas-liquid segregation. The inclined 

rotating packed bed resulted in a periodic immersion of catalyst particles into the liquid which 

was regarded to be beneficial for exhothermic gas-limited catalytic reactions. Hydrodynamic 

studies of two-phase gas-liquid descending flows in inclined rotating tubular packed beds 

using a compact gamma-ray computed tomography system disclosed existence of four 

different flow regimes, namely, stratified, sickle, annular and dispersed flows depending on 

the column inclination angle and the rotational speed. Their studies also demonstrated that 

as long as inclined rotating packed beds operate either in stratified or sickle flows, the 

pressure drop was lower compared to conventional vertical beds. 

In recent years, other research groups endeavored to curb phase maldistribution arising from 

FPSO oscillations via the design of suitable distributors.23-26 Although the implemention of 

an adapted distributor would restrain the fluid maldistributions in regions close to the reactor 

inlet, column motions and permanent inclination resulting from marine conditions extend the 

maldistribution from top to bottom of the bed by the lowered downhill-slop and transverse 

inertial forces.27 Hence, investigation of other potential prospects for improving fluid 

distribution in the whole length of swelling packed beds as a parallel path to the design of ad 

hoc distributors is indispensible. 

Flow rate modulation (or cyclic operation) method was proposed as a process intensification 

tool to improve the performance of conventional vertical trickle-bed reactors in terms of 

maldistribution, hot spot formation, and mass transfer limitation.28 In its mostly investigated 

version, cyclic operation corresponds to a continuous flow of one phase meeting the other 

phase at the bed inlet which is periodically cycled between low and high flow rates (base/peak 

mode) or intermittently interrupted (ON/OFF mode). In fact, cyclic operation strategies take 
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advantages of both the pulse flow (i.e., high mass transfer rate and low hot spot formation) 

and trickle flow regimes (i.e., low pressure drop and large residence time). It is worthy of 

mention that exploitation of periodic operations is not limited to prevent hot spots, improve 

phase distribution or increase mass transfer rate. Many studies have been carried out to 

discover potential benefits of the unsteady-state operation on the hydrodynamics and 

chemical reactions in trickle-bed reactors. For instance, Hamidipour et al.29 applied ON-OFF 

liquid, ON-OFF gas, and alternating gas/liquid cyclic modes to reduce fines deposition and 

extend the cycle life of trickle beds under filtration conditions. Moreover, Aydin et al.30 

experimentally demonstrated capability of alternating gas/liquid fast-mode cyclic operation 

for controlling foam formation and stability in trickle-bed reactors operating at high 

temperature and pressure. In the context of heterogeneous catalytic reactions, an increase in 

the conversion up to 15% and 18% was reported, respectively, for the hydrogenation of -

methyl styrene and styrene as a result of implementation of liquid flow modulation.31,32 An 

exhaustive review on cyclic operation in trickle beds is found in Atta et al.28 

The aim of the present work is to evaluate the performance of different cyclic operation 

strategies undergoing bed obliquity and oscillations in order to find out whether flow rate 

modulation can be employed as a process intensification technique for such unconventional 

packed beds. A twin-plane ECT and WMS were applied to track liquid wave propagation 

inside stationary slanted and moving packed beds as cold-flow models, respectively. To 

emulate FPSO motions, a hexapod ship motion simulator being able to impose a variety of 

motion scenarii including translations (heave, surge, and sway), rotations (roll, pitch, and 

yaw), and combinations thereof to a mounted packed bed was used. The hydrodynamic 

characteristics of liquid wave such as liquid saturation, pressure drop, and wave intensity and 

propagation in response to column inclination and motions were scrutinized. Furthermore, 

the ability of cyclic operation strategy to reduce liquid maldistribution in such packed beds 

was assessed. 

5.2 Experimental Setup and Procedures 

Laboratory scale experiments with air-kerosene system in cocurrent downflow mode were 

carried out at room temperature and atmospheric pressure in a transparent Plexiglas column 
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with internal diameter of 5.7 cm which was packed up to a height of 150 cm with 3 mm glass 

beads (Table 5-1). The packing was firmly immobilized between an uppermost gas-liquid 

distributor and a lowermost stainless steel retaining screen to avoid displacements of the 

particles either during motion or while the bed is tilted. Moreover, a great care was taken to 

avoid non-uniform phase distribution at the top of the bed by means of a gas/liquid 

distributor. Thus, before carrying out any experiment in the inclined bed modality, the 

distributor was checked to provide a uniform fluid distribution. The overall bed pressure drop 

was measured using a differential pressure transmitter with a frequency of 1 Hz. It is 

important to note that prior to performing the experiments, the packed bed was operated in 

the pulse flow regime for at least 30 min to ensure a perfectly pre-wetted bed according to 

the Kan and Greenfield pre-wetting method.33  

Table 5-1 Packed bed and fluid properties ranges of operating conditions 

Properties Value 

Reactor diameter, ID (m) 0.057 

Packed bed height (m) 1.5 

Bed porosity (-) 0.395 

Size of glass spheres (m) 0.003 

Liquid phase density (kg/m3) 792.6 

Liquid viscosity (mPa.s) 2.2 

Liquid surface tension (mN/m) 25.3 

Gas density (kg/m3) 1.2 

 

A peristaltic computer-automated pump was used to adjust the base and peak times and 

velocities for the ON-OFF liquid modulation (Figure 5-1a). The ON and OFF time intervals 

in the ON-OFF gas modulation (Figure 5-1b) was tuned using a computer-controlled ON-

OFF valve installed on the gas line. In this case, the gas flow rate of the ON section was fixed 

before the experiment. The gas/liquid alternating mode was achieved by synchronizing the 

ON-OFF valve and the pump to send either gas or liquid flow to the column (Figure 5-1c). It 

should be noticed that gas and liquid peak velocities during the ON period corresponded to 

the trickle flow regime. The key cyclic operation parameters to be used later can be defined 

as: (1) the cyclic period (p = tb + tp), (2) the cyclic frequency (1/p), (3) the split ratio (SR = 
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tp/p), and (4) the barycentric velocity (U = (tp × Up + tb × Ub)/p). The range of cyclic operating 

conditions for the static and moving packed beds is summarized in Table 5-2. 

 

Figure 5-1 Cyclic operation strategies and their parameters: (a) ON-OFF liquid, (b) ON-OFF 

gas, (c) gas/liquid alternating 

 

Table 5-2 Details of cyclic operating conditions 

Configurations Cyclic modes Operating conditions 

Static vertical and 

15°-inclined column 

ON-OFF liquid Ug = 0.062-0.154 m/s 

Ul = 0.001-0.0014 m/s 

SR = 0.5, p = 6, 10, 20, and 100 s 

ON-OFF gas 

Gas/liquid alternating 

Oscillating column ON-OFF liquid 

Ug = 0.062 m/s, Ul = 0.001 m/s 

SR = 0.5, p = 10, 20, and 40 s 

SR = 0.25, p = 20 s 

 



 

146 

 

5.2.1 Static setup/ECT 

A variety of tilt angles has been reported for FLNG/FPSO in the literature. While some 

researchers, such as Kalbassi and Zone,25 focused on angles lower than 5˚, others investigated 

the impact of higher inclination angles for floating vessels. For instance, Widbom and 

Thorsson34 studied the effect of inclination angle ranging from 0˚ to 20˚ on offshore methanol 

production. Murata et al.35 also considered rolling amplitudes of 5˚, 10˚, and 15˚ to find out 

the effect of ship rolling motion on gas-solid flow in a circulating fluidized bed. More 

recently, Abraham and Miller36 reported the peak tilt angle experienced by a typical FPSO 

during a six-hour time period, in which a maximum value of more than 18˚ was found for the 

inclination angle. An important point should be indicated here is that depending on the 

position of embarked column on the deck of FPSO, the column inclination angle may be 

different from the FPSO tilt angle. Therefore, the column was positioned on a rotatable frame 

that can be inclined from vertical to horizontal position. In this study, however, the packed 

bed was placed in vertical (0°) and 15°-inclined postures, which is an angle within the range 

that can be commonly experienced by a floating system. A twin-plane Electrical Capacitance 

Tomography (ECT) sensor was employed to record the instantaneous and local liquid 

saturation variations. Such twin-plane ECT can be taken advantage of to access the 

propagation velocity of liquid wave by any type of spatial cross-correlation analysis. To 

generate per-pixel dynamic liquid saturations from the corresponding normalized mixture 

permittivity images (32 × 32 pixels per image), the ECT sensor was calibrated between the 

lowest (drained pre-wetted bed) and highest (flooded-bed) permittivity limits.37 The limiting 

cases of drained and flooded bed were allocated, respectively, to the bed states of 0 % (low 

reference) and 100 % (high reference) liquid saturation. By sliding the ECT to a new column 

axial position, the calibration procedure was repeated to prevent any experimental bias. As 

the ECT sensor can be easily moved along the column, it is very convenient to perform 

experiments and track liquid wave propagation through the bed length. Thus, on-line images 

of liquid saturation distribution in the bed cross-section were captured non-invasively with 

50 Hz at three different axial positions (15, 70, and 125 cm) form the bed inlet. More details 

about the ECT functionalities and data processing along with the validation of this method 

to determine liquid saturations in the vertical and inclined packed-bed reactor can be found 

in our group’s previous studies.15,38 
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5.2.2 Moving setup/hexapod platform/WMS 

A NOTUS hexapod platform with six-degree-of-freedom motions including translations 

(surge, along Y direction; sway, along X direction; heave, along Z direction) and rotations 

(roll around Y axis, pitch around X axis, yaw around Z axis) was implemented to mimic 

FPSO motion conditions as depicted in Figure 5-2a. Each hexapod motion was programmed 

by imposing an effective sinusoidal motion path along with a necessary softening delay of 5 

s at the beginning and end of motion sequence to reach the required position, speed and 

acceleration, and return-to-zero position (Figure 5-2b). 

 

 

 

Figure 5-2 Components of moving experimental setup/ship motion degrees of freedom and 

hexapod emulated translational and rotational ship motions (a) along with single-degree-of-

freedom sinusoidal path for hexapod motion (b), and wire mesh sensor for liquid saturation 

measurements (c) 

 

Apart from the abovementioned single-degree-of-freedom movements, superimposed 90°-

phase-lag roll and pitch rotations were examined in this study as well. It should be noticed 
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that since the column was positioned symmetrically on the center of the hexapod platform, 

roll and pitch are equivalent as well as sway and surge, thus only roll and sway were taken 

into account. The five types of column tested excitations can be observed from the video 

clips illustrated in our previous works.11,12 The programmed parameters of the hexapod 

motion, which were compatible with conditions of a floating vessel under sea excitations39,40, 

are summarized in Table 5-3. For comparative purposes, static vertical (0°) as well as static 

inclined (15°) packed bed modalities were also included in the current work. 

Table 5-3 Hexapod kinematic parameters during packed column motion 

Motion Oscillation period (s) Phase (°) Amplitude (mm or °) 

Roll (RY) 20.0 0 15° 

Roll + Pitch 

(RY + RX) 

20.0 90° for RX & 0° for RY 15°& 15° 

Yaw (RZ) 5.0 0 15° 

Heave (TZ) 5.0 0 200 mm 

Sway (TY) 5.0 0 250 mm 
 

Since the ECT sensor connections did not allow it to be used on the moving packed beds, 

capacitance Wire Mesh Sensors (WMS) designed by the Institute of Fluid Dynamics, 

Helmholtz Zentrum Dresden Rossendorf (HZDR), Germany was employed. Matusiak et al. 

(2010)41 conducted an exhaustive study to compare ECT and WMS in measurements of 

dynamic liquid distribution in gas-liquid packed beds with uniform fluid distribution as well 

as under severe maldistribution. The results revealed that the absolute difference in liquid 

holdups calculated from these two techniques was appreciably small for both uniformly 

distributed and mal-distributed packed beds (maximum absolute difference ca. 0.02). The 

findings of this study also corroborated the slight impact of steel wires in the measured liquid 

distribution. It was assumed that the comparison between the two methods remains valid in 

case of inclined and moving beds. Accordingly, to measure instantaneous liquid saturation 

distribution in the oscillating packed-bed reactor, two WMSs installed in the column at 

heights 15 cm and 100 cm downstream the bed inlet were used (Figure 5-2c). Each WMS is 

composed of two orthogonally-arranged (upstream and downstream) planes each consisting 

of 16 parallel stainless steel wires of 0.4 mm diameter and 3.57 mm apart. The upstream and 

downstream wire planes, 1.5 mm gap, run as transmitter and receiver, respectively. This 

arrangement of planes results in 162 reading points, thereof 188 points fell inside the column 
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circular cross-section. The operating principle of WMS is based on measuring local fluid 

mixture capacitance at each cross-point voxel between the sensing points. Such measuring 

technique gave access to images (100 Hz) of liquid volumetric distributions in the 

interrogated bed cross-sections using as a contrasting property the difference between gas 

and liquid electrical permittivity values nearby the WMS cross-point voxels. Details about 

the WMS principle, calculation procedure, and applications can be found elsewhere.41-46 

5.3 Results and Discussion 

In this section, the results obtained with the two lab-scale setups described above are 

presented separately. First the effect of bed obliquity on liquid waves excited by different 

flow modulation scenarii is discussed thoroughly. Then, propagation of liquid wave in 

oscillating packed beds is analyzed. A relatively small inclination angle (i.e., 15°) was 

selected to mimic common situation encountered by FPSO.34-36,40 

5.3.1 Static vertical and inclined packed beds 

5.3.1.1 Hydrodynamic characteristics 

Figure 5-3 compares the cross-sectionally averaged liquid saturation time-series of the 

inclined and the conventional upright beds at cyclic frequency of 0.10 Hz (symmetric split 

ratio, 5 s- 5 s) and barycentric velocities of Ug = 0.062 m/s and Ul = 0.001 m/s for ON-OFF 

liquid, ON-OFF gas, and gas/liquid alternating cyclic operation modes. The results indicate 

that column inclination considerably attenuated liquid wave for all cyclic strategies with 

respect to those of the vertically aligned bed (Figures 5-3a-c). Close to the bed entrance (i.e., 

15 cm), the waves experienced noticeable attenuation. As the vessel was tilted, the gravity-

driven force preferentially pulled liquid to the lower wall forcing the gas to move toward the 

upper wall; hence a segregated flow pattern emerged inside the bed. The dramatic mitigation 

of liquid wave magnitude thus can be attributed to such gas-liquid segregation in the slanted 

bed. 
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Figure 5-3 Instantaneous cross-sectionally averaged liquid saturation along the vertical and 

15˚-inclined packed beds for (a) ON-OFF liquid, (b) ON-OFF gas, (c) gas/liquid alternating. 

Cyclic frequency = 0.10 Hz; SR = 0.5; barycentric velocities, Ug = 0.062 m/s, Ul = 0.001 m/s 

 

Contrary to the vertical trickle bed where all cyclic operation strategies were able to conserve 

liquid wave morphology while travelling along the bed, only ON-OFF liquid and gas/liquid 

alternating modes attempted to preserve wave identity in the inclined bed at least until 

halfway through the column (Figures 5-3a,c). Such wave nonetheless could not be discerned 

in the liquid saturation time-series of ON-OFF gas cyclic mode (Figure 5-3b). The main 

reason behind this failure for the fast ON-OFF gas mode can be ascribed to the development 

of gas-liquid segregated flow pattern in the inclined bed whereby the inertial effect due to 

gas phase modulation became considerably small that could not push liquid phase 

downwards along the lowermost wall. Meanwhile, by alternatively toggling gas and liquid 

phases at the reactor inlet (i.e., gas/liquid alternating strategy), it seemed that gas phase 

endeavored to isolate the travelling liquid slugs and preserve the wavy nature of liquid flow 

(Figure 5-3c). The liquid-OFF periods allowed the gas to cover the entire bed cross section 
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and minimize leakage. Accordingly, the fast-mode modulation of gas phase can be 

effectively implemented to avoid collapsing liquid wave as long as it is combined with the 

liquid flow modulation. 

In addition to the liquid saturation, the transient variation of pressure drop was recorded in 

the vertical and tilted columns under different cyclic strategies. Figures 5-4a-c show the time 

series of pressure drop, respectively, for ON-OFF liquid, ON-OFF gas, and gas/liquid 

alternating cyclic operations. In ON-OFF liquid cyclic operation, pressure drop in the 

inclined bed (dashed line) was lower than the vertical trickle bed (solid line). This confirmed 

the observation of Schubert et al.15 and Motamed Dashliborun and Larachi12 who 

demonstrated that lower gas-liquid interactions due to a segregated flow regime in the 

inclined bed results in a lower pressure drop. 

 

 

 

Figure 5-4 Time series of overall pressure drop signal in the vertical and 15˚-inclined packed 

beds for (a) ON-OFF liquid, (b) ON-OFF gas, (c) gas/liquid alternating. Cyclic frequency = 

0. 05 Hz; SR = 0.5; barycentric velocities, Ug = 0.154 m/s, Ul = 0.0012 m/s 

 

While the pressure drop time series of ON-OFF liquid cyclic operation was gently influenced 

by liquid flow modulation (Figure 5-4a), ON-OFF gas and gas/liquid alternating strategies 

caused significant variations in pressure drop of both inclined and vertical columns (Figures 

5-4b,c). Such abrupt rise of pressure drop occurred at gas-ON sequence when gas phase 
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encountered flow resistance resulting from high liquid holdup accumulated during the gas-

OFF sequence. Furthermore, by resumption of gas flow, an initial overshoot in pressure drop 

was observed in ON-OFF gas and gas/liquid alternating strategies. Hamidipour et al.47 

attributed these overshoots to generation of temporarily natural pulse flow whereby the 

excess liquid is transferred from liquid rich regions. Since the liquid velocity during the ON 

sequence in gas/liquid alternating strategy is twice that of ON-OFF gas, more liquid will be 

accumulated in the column. Consequently, relatively intense overshoots were observed for 

gas/liquid alternating strategy. The milder initial overshoot in case of inclined bed is due to 

lower gas-liquid interaction arising from the phase segregation along the bed. The pressure 

drop behavior suggests that a twofold phenomenon exists: i) higher pressure drop in vertical 

bed during the initial overshoot, ii) lower pressure drop in vertical bed afterwards when the 

excess liquid has retreated. The higher initial interaction between gas and liquid phases in 

vertical bed results in more liquid removal followed by a lower interaction period resulting 

in lower pressure drop. 

As shown earlier in Figure 5-3, liquid waves were attenuated along the column for all cyclic 

operations. It is worthy of notice that operating conditions and cyclic frequencies influence 

the wave attenuation as reported in other studies.42,47-49 To assess those effects, a 

dimensionless liquid wave intensity parameter defined by Eq. 1 was introduced: 

I







  (1) 

Where 


  and   are the standard deviation and time-averaged liquid saturation, 

respectively. 

The effect of column tilt on the intensity of propagating waves at different bed heights and 

cyclic frequencies is depicted in Figures 5-5a-c for ON-OFF liquid, ON-OFF gas, and 

gas/liquid alternating modes. At the same barycentric velocities and symmetric split ratio, Ug 

= 0.062 m/s and Ul = 0.0014 m/s, the results of bed axial profiles of wave intensity for the 

vertical bed are presented as well. 
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Figure 5-5 Wave intensity as a function of bed posture, cyclic frequency and bed height: (a) 

ON-OFF liquid, (b) ON-OFF gas, (c) gas/liquid alternating. SR = 0.5; barycentric velocities, 

Ug = 0.062 m/s, Ul = 0.0014 m/s 

 

As illustrated, the wave intensity in both the inclined and vertical beds declined along the 

bed for all cyclic operation strategies. Yet the downhill slope of wave intensity profile was 

an important function of cyclic mode, column posture, and cyclic frequency. ON-OFF gas 

mode (Figure 5-5b) generated liquid waves with intensity an order of magnitude lesser than 

those of ON-OFF liquid (Figure 5-5a) and gas/liquid alternating (Figure 5-5c) modes. This 

supports the previous observation of a lesser effectiveness of high frequency ON-OFF gas 

cyclic operation, particularly, for the inclined column. For this latter the prevailing segregated 

flow regime considerably diminished the role of gas flow modulation to push liquid phase 

downwards. Although the column inclination significantly decreased the wave intensity at 

the bed top, the variation of the wave intensity occurred gently along the bed compared to 

the vertical bed where the wave intensity underwent a drastic reduction. Interestingly, for 

low-frequency (i.e., 0.05 Hz) ON-OFF liquid and gas/liquid alternating modes (Figures 5-

5a,c), the wave intensity in the inclined bed remained higher than that of the vertical bed in 

the lower half of the column. Such reduction of wave intensity in the vertical bed can be 
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ascribed to enhanced gas-liquid interactions tending to even-out saturation variations. On the 

contrary, in the inclined bed the established segregated flow diminished those interactions 

and thus liquid wave could, to some extent, preserve itself through the bed. 

5.3.1.2 Liquid distribution and wave structure 

The cyclic operational technique showed its capacity to generate and preserve the wavy liquid 

flow. Thus, enhancement in mass and heat transfer rates of inclined packed beds could be 

speculated using this technique. Meanwhile, an important matter to address is whether or not 

flow modulation can improve liquid distribution in such beds. A uniformity factor, χ, was 

defined as a criterion to assess the degree of uniformity of liquid saturation over the bed 

cross-section when it is subjected to different periodic operational scenarii:50 

2

1

1 NP
i

iNP

 




 
  

 
  (2) 

where NP is the number of pixels in the image, βi and β are the ith pixel liquid saturation and 

the cross-sectionally averaged liquid saturation, respectively. Zero value of uniformity factor 

indicates an ideal distribution of liquid phase, while departures from χ = 0 are indicative of 

lack of even crosswise liquid distribution. 

Furthermore, to get a good sense of the axial evolution of the liquid flow field under cyclic 

operation while the bed was tilted, the so-called Eulerian slice representation of liquid 

saturation images was used. Eulerian slices were generated with pixel liquid saturation data 

reconstructed along an arbitrarily selected diametrical line –perpendicular to the flow 

direction and enclosing both lower and upper wall regions– at 50 Hz pace and should be read 

from bottom to top. More details on how to plot the Eulerian slice of ECT images was 

explained elsewhere.38 

Figures 5-6a-c illustrate the time-series of the cross-sectional averaged liquid saturation and 

uniformity factor prompted, respectively, by ON-OFF liquid, ON-OFF gas, and gas/liquid 

alternating modes at the middle of column (H = 70 cm). Eulerian slices of those images 

enclosing a full 10 s ON -10 s OFF cycle (0.05 Hz) with a few seconds before and after were 
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also depicted. To ease direct comparison between different cyclic operations in terms of 

liquid distribution over the interrogated bed cross-section, the uniformity factor of the 

corresponding iso-flow mode (Ug = 0.154 m/s and Ul = 0.0014 m/s) as well as the vertical 

bed under cyclic operations  were also plotted (black dashed line). 

 

 

 

Figure 5-6 Degree of uniformity, liquid saturation and Eulerian slices in the 15˚-inclined 

packed bed for (a) ON-OFF liquid, (b) ON-OFF gas, (c) gas/liquid alternating. Cyclic 

frequency = 0. 05 Hz; SR = 0.5; barycentric velocities, Ug = 0.154 m/s, Ul = 0.0014 m/s; H 

= 70 cm 

 

Liquid cyclic operation (Figure 5-6a) was able to keep the uniformity factor lower than that 

of the iso-flow mode for almost the entire period, indicating the constructive role of 

periodically toggling the liquid phase. In this mode of operation, by switching the liquid flow 

ON, the inflow of liquid phase through the bed was doubled (Ulp=2×Ul), thus more resistance 

was built up against a permanently flowing gas phase. The gravity-driven force pulled the 

liquid toward the lower wall regions provoking further gas phase to migrate toward the upper 

wall regions where adequate space was available causing virtually a segregated flow regime 
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along the bed. Consequently, the uniformity factor monotonically increased during the liquid 

ON portion (i.e., indicating uneven distribution). However, it was still lower than that of the 

iso-flow mode, until the available porous space of the lower wall regions was virtually 

flooded and, then liquid drainage started. As the liquid flow was turned OFF, the accumulated 

liquid drained triggering the gas flow to reroute towards the lower wall regions. By virtue of 

emergence of the gas phase in these regions, percolation of the liquid across the porous media 

was extended to areas over the lower wall. As a result, the liquid distribution was improved 

remarkably and thus the degree of uniformity factor continued to decline during the liquid 

OFF portion as shown in Figure 5-6a. 

In gas cyclic operation, a permanent flow of the liquid encountered the gas flow which was 

periodically toggled between ON and OFF at the bed inlet. Figure 5-6b shows that during the 

gas ON portion the gas flow pushed the accumulated liquid away from the lower wall region 

and spread it in the radial and axial directions thereby diminishing the uniformity factor lower 

than that of the iso-flow mode. Nevertheless, by switching off the gas flow, the gravitational 

force became dominant pulling the inflowing liquid downwards, close to the lower wall. 

Thereof, the surrounded gas in the lowermost areas escaped towards regions with higher 

porous space (i.e., the upper wall) creating a gas-liquid segregated flow regime. Such 

segregation exacerbated the uniformity factor during the gas OFF portion, even worse than 

the distribution in the iso-flow mode (Figure 5-6b). Notwithstanding, gas cyclic operation 

can be effectively utilized by properly tuning the split ratio and gas and liquid flow rates. 

Interestingly, gas/liquid alternating mode, which is a combination of liquid and gas cyclic 

operations, appreciably maintained the uniformity factor lower than that of the iso-flow mode 

for the entire cycle as shown in Figure 5-6c. In a similar way to the liquid and gas cyclic 

operation modes, the gas/alternating mode exhibited a minimum followed by a maximum in 

the uniformity factor curve. The minimum duration in the uniformity factor corresponds to 

gas ON + liquid OFF while the maximum part reflects the duration of gas OFF + liquid ON. 

The larger liquid velocity (Ulp=2×Ul) led to more liquid accumulation and then irrigation of 

larger areas of the bed cross-section; hence, the subsequent resumption of larger gas flow 

(Ugp=2×Ug) generated sudden perturbation inside the bed resulting in a shock wave which 

was able to carry the accumulated liquid and to disperse it across and along the bed. In fact, 
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this strategy took advantages of both liquid and gas cyclic operations while operating at the 

same barycentric velocities. Therefore, more potential benefits can be anticipated for this 

mode of operation in inclined packed beds. It is noteworthy to mention that the prevailing 

stratified flow regime, as seen from the Eulerian slices in Figures 5-6a-c, in the inclined 

column was persisting for all cyclic operation strategies, though gas/liquid alternating mode 

attempted to diminish those disengagement zones. 

5.3.1.3 Velocity map of wave propagation 

Dual-plane ECT measurements already proved efficient in assessing pixel-based velocities 

of tracer pulses and liquid waves.38,47 To achieve this aim in the current study, cross-

correlation analyses were used to calculate the wave time-of-flight between each aligned pair 

of pixels located in the upper and lower planes sensed by ECT. Thus, the pixel-based 

velocities were computed and mapped by dividing the two-plane distance, here 5 cm, by the 

wave time-of-flight. Such distance between two planes was quite short to assume the 

dispersion of waves minor. The velocity maps of propagating waves at H = 15 cm and H = 

125 cm for the three cyclic operation strategies are illustrated in Figure 5-7. 

Despite a uniform gas-liquid distribution was provided at the inlet boundary, ON-OFF liquid 

and ON-OFF gas cyclic modes were not able to preserve such uniformity in the slanted bed 

even close to the bed entrance (H = 15 cm) as shown by the velocity maps, Figures 5-7a1,b1, 

respectively. This observation indicated that gravity force was already predominant tending 

to disengage gas and liquid phases, while gas/liquid alternating mode resisted to such 

disengagement by virtue of sizeable inertial forces stemming from larger gas and liquid 

velocities (Figure 5-7c1). As the liquid holdup disturbance generated by ON-OFF liquid 

cyclic, ON-OFF gas cyclic, or gas/liquid alternating mode traveled downstream the bed, the 

flow was mainly governed by the gravity in a segregated manner resulting in regions with 

considerably high and low liquid velocities, respectively, close to the lower and upper walls 

(Figure 5-7a2,b2,c2). The extent of liquid velocities, nonetheless, was not of the same order 

for different cyclic operation modes. Each cyclic operation has its own velocity color bar 

range. To facilitate comparison, the velocity maps of the abovementioned cyclic modes at 

the same operating conditions are depicted for the vertical bed as well (Figure 5-7a'1-c'2). 
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While ON-OFF liquid cyclic strategy in the tilted bed presented a moderate range of liquid 

velocities which is comparable with that of the vertical column, ON-OFF gas cyclic and 

gas/liquid alternating modes exhibited significantly higher liquid velocities owing to the 

forcing gas flow; particularly, in the lower wall area. 

 

 

 

Figure 5-7 Velocity maps of propagating waves in the 15˚-inclined (a1-c2) and vertical (a'1-

c'2) packed beds for (a1,2 and a'1,2) ON-OFF liquid, (b1,2 and b'1,2) ON-OFF gas, (c1,2 and 

c'1,2) gas/liquid alternating. Cyclic frequency = 0. 05 Hz; SR = 0.5; barycentric velocities, 

Ug = 0.154 m/s, Ul = 0.0014 m/s; H = 15, 125 cm 

 

5.3.1.4 Slow mode of cyclic operation  

So far, the main focus was on the hydrodynamic features of the inclined packed bed reactor 

under the fast mode of cyclic operation, where the liquid/gas feed elapsed for a few seconds. 

Meanwhile, there also exists the slow mode of cyclic operation, where the feed periods can 

last up to a few minutes. This mode was recognized as an effective strategy to preserve the 

liquid wave identity and thus is beneficial for exothermic gas-limited catalytic reactions.49,51 

Therefore, in this section, the effect of column tilt on the slow mode traveling liquid waves 

generated by ON-OFF liquid, ON-OFF gas, and gas/liquid alternating cyclic scenarios was 

studied. Figures 5-8a-c illustrate instantaneous liquid saturation time-series of the inclined 
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bed as well as the conventional vertical bed for a duration of three periods (50 s ON-50 s 

OFF). 

In slow ON-OFF liquid cyclic operation (Figure 5-8a), the square waved pattern of the liquid 

saturation initiated at the column inlet remained almost intact at H = 15 cm for both vertical 

and inclined beds. Yet, a large discrepancy was observed between the wave magnitudes of 

the vertical and inclined beds alike in comparison to the fast 5 s ON-5 s OFF liquid cyclic 

operation (Figure 5-3a). As liquid waves traveled downstream, they decayed asymmetrically 

along their path leading to an increase in tail at the expense of a shrinking plateau (H = 70 

cm and H = 125 cm). Those features, namely front, plateau, and tail used commonly to 

describe the liquid wave morphology were also shown in Figure 5-8a. It is of significance to 

note that liquid waves in the slanted column tried to keep the plateau length intact during 

travel compared to those waves in the vertical trickle bed. As indicated previously, since the 

interaction between the liquid, gas and packing was noticeably lower in the inclined column, 

the axial attenuation of liquid waves was less pronounced. The liquid waves at the middle (H 

= 70 cm) and bottom (H = 125 cm) of the inclined bed revealed a two-step drainage dynamics. 

This trend was also reported by Schubert et al.15 and Assima et al.22 who investigated the 

effect of column inclination angles on the drainage dynamics of flooded packed beds. They 

ascribed this two-step drainage to decomposition of the conventional one-component 

gravitational force into the column-wise and normal components by the column inclination. 

Figure 5-8b reveals that the slow mode ON-OFF gas cyclic operation was unable to trigger 

such pronounced square waves of liquid in the inclined bed, though those liquid waves 

appeared in the vertical bed by virtue of appreciable gas-liquid interaction. This underlines 

the fact that immediate gas-liquid disengagement at the bed top and redirection of the liquid 

flow towards the lower wall region prevented the accumulation of more liquid over the entire 

bed cross-section to build up sufficient resistance against the entering gas phase. Thus, 

resumption of the gas flow during gas ON portion could not result in noticeable liquid waves. 
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Figure 5-8 Instantaneous cross-sectionally averaged liquid saturation along the vertical and 

15˚-inclined packed beds for (a) ON-OFF liquid, (b) ON-OFF gas, (c) gas/liquid alternating. 

Cyclic frequency = 0.01 Hz; SR = 0.5; barycentric velocities, Ug = 0.062 m/s, Ul = 0.001 m/s 

 

In the gas/liquid alternating slow mode (Figure 5-8c), periodic switching of the liquid and 

gas superficial velocities, respectively, between 0-2Ul and 0-2Ug significantly intensified 

gas-liquid interaction resulting in such strong waves of the liquid in the vertical bed. It 

clarifies the fact that this strategy effectively combined the liquid and gas flow modulations 

gaining advantages of both ON-OFF liquid and ON-OFF gas cyclic strategies. Liquid waves 

generated by ON-OFF liquid slow mode in the inclined column (Figure 5-8a) were quite 

similar to those waves of gas/liquid alternating slow mode. This observation stresses out the 

fact that gas-liquid alternation allowed the gas phase to excite and isolate the liquid waves 

through better access to the entire bed cross-section during the liquid OFF portions. 

5.3.2 Oscillating packed beds 

As far as unconventional reactor configurations are concerned, the features under scrutiny 

cannot be transposed on a one-to-one basis and therefore insights are required for new 

configurations. In particular, the floating packed bed reactors with cocurrent downflow of 

gas and liquid exhibited hydrodynamic behaviors which are at odds with respect to the 
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vertical beds.11,12 To benefit from cyclic operation strategy in moving packed beds, 

assessment of liquid wave propagation and decay in such oscillating columns becomes 

mandatory. 

5.3.2.1 Effect of column motions on liquid wave 

The dynamics of propagating liquid waves in the packed column submitted to the hexapod 

motions described in Table 5-3 was investigated through WMS. First, 5 s ON-5 s OFF (0.1 

Hz) liquid cyclic mode was examined to measure the impact of bed oscillations on wave 

propagation and decay. The barycentric gas and liquid velocities, Ug = 0.062 m/s and Ul = 

0.001 m/s, were constant for all moving packed beds. Figures 5-9a-c depict the instantaneous 

variations of cross-sectionally averaged liquid saturation at bed heights 15 cm and 100 cm 

when subjecting the column, respectively, to heave (vertical column sliding up and down, 

TZ), sway (or surge, vertical column moving forward and backward, TY or TX), and yaw 

(vertical column wobbling around its revolution axis, RZ) while operating under cyclic 

modulations. The liquid saturation measured for the stationary vertical bed was also plotted 

for comparison. 

 

 

Figure 5-9 Instantaneous cross-section averaged liquid saturation for the static vertical bed 

and under non-tilting motions: (a) heave, (b) sway or surge, (c) yaw (oscillation period = 5 

s). ON-OFF liquid cyclic operation with cyclic frequency = 0.1 Hz; SR = 0.5; barycentric 

velocities, Ug = 0.062 m/s, Ul = 0.001 m/s 
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As  illustrated, there is a slight discrepancy in wave magnitude between the static and 

translationally oscillating packed beds (Figures 5-9a,b) as well as the wobbling upright bed 

(Figure 5-9c) at the column top. This small difference can be attributed to the limited 

contribution of column accelerations tending to disperse the travelling liquid waves. Those 

liquid waves for the static and moving vessels, meanwhile, were comparable at H = 100 cm 

as the random packing redistribution role corrected the inlet differences. 

Nonetheless, roll (RY) and roll + pitch (RY + RX) or the so-called tilting motions imposed 

significant changes to the liquid saturation time series. Figures 5-10a,b show the liquid 

saturation variations at two bed heights for the cyclic operating packed bed when submitted, 

respectively, to roll and roll + pitch. For comparative purposes, the dashed line illustrates the 

liquid saturation time series for the corresponding motions of the vessel under iso-flow mode 

of operation (Ug = 0.062 m/s and Ul = 0.001 m/s). 

 

 

 

Figure 5-10 Instantaneous cross-section averaged liquid saturation for the packed bed under 

tilting motions: (a) roll, (b) roll + pitch (oscillation period = 20 s). Iso-flow mode and ON-

OFF liquid cyclic operation with cyclic frequency = 0.1 Hz, SR = 0.5, and barycentric 

velocities of Ug = 0.062 m/s, Ul = 0.001 m/s 
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The liquid saturation time series of the iso-flow mode reveal the periodic contribution of the 

hexapod tilting motions. These oscillations were imputed to angular column movements 

causing secondary transverse displacements of the fluids reflecting in liquid saturation 

fluctuations in the bed crosswise planes.12,13 Besides, an intensified secondary flow in the 

radial and circumferential directions at the bed top (H = 15 cm) induced notable amplitude 

oscillations. It is interesting to note that in comparison with the roll motion (Figure 5-10a), 

the alternating takeover of roll and pitch, due to their 90° phase lag, resisted the gas-liquid 

flow in such a manner to result in considerably attenuated oscillations (Figure 5-10b). 

From Figure 5-10a, it can be seen that the liquid waves generated by 5 s ON-5 s OFF liquid 

flow modulation were at diapason with the permanently oscillating liquid saturation due to 

the rolling packed bed at H = 15 cm (red line). This indicates that the identity of fast mode 

liquid cyclic operation was severely smoothed out by the radial flow generated from the roll 

motion. Consequently, similar trend was recorded at H = 100 cm. On the other hand, liquid 

cyclic waves can be discriminated from those oscillations stemming from the roll + pitch 

motion (Figure 5-10b). Liquid wave travelling downstream inside the porous medium were 

attenuated due to additional radial forces in response to the column swells which resulted in 

virtually collapsed waves at H = 100 cm for roll + pitch motions. 

Examination of liquid wave excited by 20 s ON-20 s OFF (0.025 Hz) liquid cyclic mode after 

the vessel was submitted to the hexapod roll and roll + pitch motions revealed that slow mode 

liquid cyclic wave was strong enough, at a region close to the bed entrance (H = 15cm), to 

tackle additional dispersive forces arising from the column angular excitations; meanwhile, 

wave splitting appeared as a consequence of transverse zigzag (roll) or swirl (roll + pitch) 

motions (Figure 5-11a1,b1). The dashed and dotted lines illustrate the corresponding liquid 

wave of, respectively, the static vertical and inclined packed beds. By travelling downward, 

while the wave identity remained more or less intact in the slanted column, the higher gas-

liquid-packing interactions in the static vertical and oscillating packed beds significantly 

attenuated the liquid waves severely deforming their shape (H = 100 cm). Furthermore, 

regardless of the similarity between liquid wave under roll and roll + pitch motions at top of 

the bed, each movement imposed its own characteristics on the propagating wave as reflected 

in Figure 5-11a2,b2. 
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Figure 5-11 Effect of (a) roll and (b) roll + pitch with oscillation period of 20 s on liquid 

wave of 20 s ON-20 s OFF liquid cyclic mode (0.025 Hz) and comparison with the static 

vertical and 15˚-inclined packed beds. Barycentric velocities, Ug = 0.062 m/s, Ul = 0.001 m/s 

 

5.3.2.2 Fluid distribution correction 

The above experiments disclosed the fact that non-tilting motions (yaw, heave, and surge) 

barely influenced liquid wave whereas tilting motions (roll and roll + pitch) were found to 

dramatically change the travelling liquid wave inside the porous medium. Therefore, a 

detailed investigation focusing on the gas-liquid distribution in the packed bed under tilting 

motions is of significance. For this aim, three different regions were selected from the two-

dimensional WMS slice to illustrate the extent of liquid transversal migration during the 

reactor angular oscillations, as shown in Figure 5-12 with red (region RI – adjacent to the 

wall), blue (region RII – adjacent to the wall), and black (region RIII – located in the center) 

colors inside a circle representing the bed cross-section. Under constant gas and liquid flow 

rates, the transient evolution of the spatially averaged liquid saturation for these regions at 

bed heights of H = 15 and 100 cm was plotted in Figures 5-12a1,a2,b1,b2, respectively, when 

the column was submitted to the roll and roll + pitch motions. The horizontal axis of these 

figures expressed time normalized with respect of the oscillation period (T (-) = time/period). 



 

165 

 

 

 

 

Figure 5-12 Liquid saturation time series in three different regions RI to RIII of same bed 

cross-section for iso-flow operating packed under (a) roll and (b) roll + pitch motions 

(oscillation period = 20 s). Barycentric velocities of Ug = 0.062 m/s, Ul = 0.001 m/s 

 

Periodic behaviors of the zonal liquid saturation for the roll and roll + pitch motions are 

evident from Figures 5-12a,b, respectively. In the rolling packed bed, the liquid saturation of 

RI reached its maximum value by tilting the column to ϴ = +15° (lowermost position) 

whereas changing the position from ϴ = +15° to ϴ = -15°, RI relocated to the uppermost 

position and consequently the minimum value in liquid saturation time series appeared. In 

spite of extremely oscillatory behavior of RI, RII, which was also adjacent to the wall, 

exhibited rather slight fluctuations in response to the hexapod roll motion (Figures 5-

12a1,a2). The compound roll + pitch motion, on the other hand, provoked remarkable liquid 

saturation oscillations over both RI and RII (Figures 5-12b1,b2). Interestingly, RIII located 

in the center of the column was found to be more or less effectless a region compared to the 

other bed regions for both robot motions. 

The above results demonstrated that hexapod angular excitations caused significant spatial 

inhomogeneity in the crosswise liquid distribution. Such spatial variability, an indisputable 
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escalation in complexity of the hydrodynamics, could result in reactor efficiency loss. 

Accordingly, for packed beds experiencing severe maldistribution under column angular 

movements, one of the targets behind using cyclic operation strategies would be to correct 

fluids distribution inside the bed. The instantaneous variation of the uniformity factor (χ), as 

defined by Eq. 2, over the interrogated crosswise planes at H = 15 and 100 cm was monitored 

for the cyclic operating packed bed under hexapod roll and roll + pitch movements as shown 

in Figures 5-13a,b, respectively. 

 

 

Figure 5-13 Time evaluation of degree of uniformity for the packed bed under (a) roll, (b) 

roll + pitch (oscillation period = 20 s). Iso-flow mode and ON-OFF liquid cyclic operation 

with cyclic frequency = 0.05 Hz, SR = 0.25 and 0.5, and barycentric velocities of Ug = 0.062 

m/s, Ul = 0.001 m/s 

 

Examination of two different split ratios of ON-OFF liquid cyclic mode with cyclic frequency 

of 0.05 Hz, a symmetric (SR = 0.5) and a non-symmetric (SR = 0.25), for the rolling packed 

bed divulged a notable reduction of the maldistribution in comparison with the uniformity 

factor in the corresponding iso-flow mode (Figure 5-13a). Although the symmetric SR = 0.5 

exceeded the uniformity factor for the roll + pitch motion, in particular at H = 15 cm, the 

non-symmetric SR = 0.25 (5 s ON-15 s OFF liquid cyclic mode) was able to diminish it 

successfully at top and bottom of the column (Figure 5-13b). It is worthy of notice that the 
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maldistribution reduction resulted from SR = 0.25 for the roll and roll + pitch motions was 

comparable. This highlights the fact that depending on the type of column movement, an 

appropriate SR should be explored. Although the maldistribution in regions close to the bed 

inlet could be manipulated through implementation of different cyclic parameters, 

continuous hexapod roll + pitch motions had a detrimental effect resulting in comparable 

distribution close to the bed bottom regardless of the used cyclic parameters. 

5.4 Conclusion 

The hydrodynamic behavior of static and oscillating packed beds under cyclic operations was 

experimentally investigated using electrical capacitance tomography (ECT) and capacitance 

wire mesh sensor (WMS), respectively. A hexapod ship motion simulator imposing 

programmable paths to the embarked packed bed was employed to simulate single and 

compound degrees of freedoms, i.e., translations (heave, surge, and sway) and rotations (roll, 

pitch, and yaw). Using the ECT data obtained in the static vertical and 15˚-inclined packed 

beds, the liquid saturation values, pulse intensity, liquid maldistribution, and propagation 

velocity were determined for ON-OFF liquid, ON-OFF gas, and gas/liquid alternating cyclic 

operations. WMS, on the other hand, gave access to the local instantaneous liquid saturation 

across the moving packed bed to scrutinize the response of liquid wave excited by ON-OFF 

liquid cyclic operation to the imposed hexapod motions. The following conclusions can be 

drawn from this work: 

 In all cyclic operation strategies, column obliquity significantly attenuated liquid 

wave on account of prevailing gas-liquid segregation regime. 

 ON-OFF liquid and gas/liquid alternating modes contributed to preserve wave 

identity in the inclined bed. 

 A noticeable reduction in phase maldistribution caused by column tilt was observed 

in ON-OFF liquid and gas/liquid alternating modes. 

 In slow ON-OFF liquid and gas/liquid alternating cyclic operations, square waves of 

liquid saturation remained more or less conserved in the inclined bed and kept 

comparable with those in the vertical bed. 
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 Column non-tilting accelerations/decelerations (heave, sway, yaw) exhibited a 

limited contribution in dispersing liquid wave of ON-OFF liquid cyclic operation. 

 The hexapod tilting motions (roll, roll + pitch) brought about secondary transverse 

displacements of the fluids reflecting in liquid saturation fluctuations in the bed. 

 Liquid wave life time in a packed bed with angular motions is an important function 

of the liquid cyclic frequency and type of motion. Angular vessel oscillations filtered 

the liquid waves of 5 s ON-5 s OFF liquid cyclic mode (0.1 Hz).  

 Symmetric (SR = 0.5) and non-symmetric (SR = 0.25) split ratios of ON-OFF liquid 

cyclic mode with cyclic frequency of 0.05 Hz revealed a remarkable decrease of fluid 

maldistribution in the oscillating packed bed. 

These experimental findings open the door for new approaches to reduce fluid 

maldistribution in tilted and oscillating packed beds via periodic operation. Therefore, cyclic 

operation can be regarded as a potential method for process intensification in offshore 

production units where packed bed reactors are used. 

Nomenclature 

H  distance from bed inlet (cm) 

I  wave intensity (-) 

NP  number of pixels in bed cross-section (-) 

p  cyclic period (s) 

SR  split ratio (-) 

T  oscillation period or dimensionless time (s) 

t  time (s) 

U  superficial velocity (m/s) 

<>  time average 

Greek Letters 
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  angular position during roll or roll + pitch motion (°) 

β  liquid saturation 

   spatial-averaged liquid saturation 

χ  degree of uniformity (-)  

σ  standard deviation 

Subscripts 

b  base 

g  gas 

l  liquid 

p  peak 
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Chapter 6: Process Intensification of Gas-Liquid 

Downflow and Upflow Packed Beds by a New Low-Shear 

Rotating Reactor Concept* 

 

                                                 
* Motamed Dashliborun, A., Härting, HU., Schubert, M., Larachi, F., 2017. AIChE J., 63(1), 283–294. 
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Résumé 

Dans le présent travail, un nouveau concept de réacteur rotatif à faible cisaillement a été 

introduit pour intensifier le processus de réactions catalytiques hétérogènes dans des 

réacteurs à courant descendant gaz-liquide à co-courant et à courant ascendant. Afin d'évaluer 

correctement les avantages potentiels de ce nouveau concept de réacteur, des expériences 

hydrodynamiques exhaustives ont été réalisées à l'aide de capteurs à mailles métalliques 

intrusives à faible niveau intrusion. L'effet des vitesses de rotation sur les modèles 

d'écoulement de liquide dans la section transversale du lit, la saturation du liquide, la chute 

de pression et la transition de régime a été étudié. De plus, le temps de séjour du liquide et le 

nombre de Péclet estimés par une technique stimulus-réponse et un modèle de macro-

mélange ont été présentés et discutés en relation avec les modèles d'écoulement dominants. 

Les résultats ont révélé que la rotation de la colonne induit différents régimes d'écoulement 

dans la section transversale du lit fixe opérant en écoulement co-courant descendant ou 

ascendant. De plus, le nouveau concept de réacteur présente un ajustement plus souple de la 

perte de charge, de la saturation du liquide, du temps de séjour du liquide et du r/tro-mélange 

pour des débits de fluides donnés. 
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Abstract 

In the present work, a new low-shear rotating reactor concept was introduced for process 

intensification of heterogeneous catalytic reactions in cocurrent gas-liquid downflow and 

upflow packed-bed reactors. In order to properly assess potential advantages of this new 

reactor concept, exhaustive hydrodynamic experiments were carried out using embedded 

low-intrusive wire mesh sensors. The effect of rotational velocities on liquid flow patterns in 

the bed cross-section, liquid saturation, pressure drop, and regime transition was investigated. 

Furthermore, liquid residence time and Péclet number estimated by a stimulus-response 

technique and a macro-mixing model were presented and discussed with respect to the 

prevailing flow patterns. The results revealed that the column rotation induces different flow 

patterns in the cross-section of packed bed operating in a cocurrent downflow or upflow 

mode. Moreover, the new reactor concept exhibits a more flexible adjustment of pressure 

drop, liquid saturation, liquid residence time and back-mixing at constant flow rates. 
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6.1 Introduction 

Gas-liquid fixed-bed reactors are widely applied in the chemical and petrochemical industry 

for heterogeneous catalytic reactions due to their simplicity in construction, high residence 

times, and large production volumes.1 Hydroprocessing of crude oil, hydrogenation, 

oxidation, and Fischer-Tropsch are amongst the processes that have been carried out in these 

reactors. Depending on the type of process, i.e., reactant limitation and requirement on the 

state of mixedness, they are operated in cocurrent gas-liquid downflow (trickle-bed reactor, 

TBR) or upflow mode (packed bubble column reactor, PBCR) with the liquid and gas phases 

passing through a fixed bed of randomly filled catalyst particles. 

Notwithstanding that fixed-bed reactors are the workhorse in heterogeneously catalyzed 

processes, they suffer a number of shortcomings such as limited radial and axial mixing, 

sometimes partial catalyst utilization due to poor catalyst wetting efficiency, low mass 

transfer to the active sites due to stagnant liquid films at the surface of the catalyst acting as 

a barrier, restrictive heat transfer at the origin of potential hotspots, to name a few of them.2-

4 Moreover, proper design of the gas-liquid distributor is crucial in these reactors to ensure 

uniform inlet distribution of the fluids in order to maintain the uniformity of phase 

distribution in the rest of fixed bed vessel. In addition, flow distribution through the packed 

beds is also a function of fluid properties, gas and liquid flow rates, particle size and shape, 

column length and diameter as well as the procedure of packing the bed.5 Thus, regardless of 

designing a good inlet distributor, there is likelihood of redistribution of fluids with random 

paths within the fixed beds.4-7 

Dictated by ever pressing economic and environmental imperatives, the performance of 

fixed-bed reactors ought to be intensified either by operational methods or by the design of 

efficient reactors. Flow modulation (or cyclic mode of operation) as a process intensification 

strategy has been tremendously investigated in the literature as an attempt to cope with some 

of the above limitations.8 Usually, the flow rate of one fluid phase is periodically cycled 

between two levels at the reactor inlet while imposing a continuous flow for the other fluid 

phase. Modulation can be carried out in base/peak mode by toggling throughput between low 

and high flow rates or in ON/OFF mode by intermittent flow rate interruption. In a recently 
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proposed cyclic operation, a single-gas flow sequence can be alternated with a single-liquid 

flow sequence in a so-called gas/liquid alternating mode.9,10 In addition to enhance mass 

transfer, improve phase distribution or prevent occurrence of hot spots, cyclic operation 

techniques have also been successfully applied to reduce fines deposition in trickle beds 

operating under hydrotreating filtration conditions11 and to control foam formation and foam 

stability in trickle-bed reactors at high temperature and pressure.12 For comprehensive 

reviews on flow modulation technique, Silveston and Hanika13 and Atta et al.8 can be 

consulted. 

Recently, Schubert et al.14 proposed column obliquity as a new process intensification artifice 

for packed beds with gas-liquid descending flows. It was experimentally shown that vessel 

deviation from verticality induces partial gas-liquid segregation, which in turn diminishes 

two-phase pressure drop and liquid coverage area. Furthermore, the results unveiled that 

pulse frequency and propagation velocity in the pulse flow regime can be adjusted by tilting 

the bed. These features would be beneficial for gas-limited catalytic reactions, where high 

interaction regime mass transfer and partial catalyst wetting are required. Bouteldja et al.15 

explored column inclination in packed beds with cocurrent gas-liquid upflow. An increase in 

the cross-sectionally averaged liquid saturation and a decrease in pressure drop were 

observed as a result of bed tilting. Likewise, column obliquity was recently implemented as 

an interesting measure to delay the onset of flooding in countercurrent packed beds though 

at the expense of gas-liquid segregation.16 More recently, Assima et al.17 found out that 

column inclination accelerates the liquid draining rate in packed beds which may be 

advantageous especially if emergency shut-down circumstances of the reactor arise. 

Besides, Härting et al.18-20 introduced a superimposed column rotation to previously inclined 

packed beds for taking advantage of gas-liquid segregation. The rotation of the inclined 

packed bed results in a periodic immersion of catalyst particles into the liquid, which was 

regarded for process intensification of exothermic gas-limited heterogeneous catalytic 

reactions. Hydrodynamic studies of gas-liquid cocurrent downflow in inclined rotating 

packed beds revealed that this concept enabled tuning liquid residence time via control of 

inclination angle and vessel rotational velocity. Additionally, depending on the column 

inclination angle and the rotational velocity, four different flow regimes, namely, stratified, 
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sickle, annular and dispersed flows were observed inside the packed bed. Karapantsios et 

al.21 also identified a stratified, sickle-shaped and annular liquid distribution in a rotation 

horizontal packed bed. 

The concept of rotation has been also applied to other multiphase reactors in order to enhance 

their performance. The spinning disc reactor,22 rotating fluidized bed,23 and high-gravity 

(HiGEE) rotating packed bed24,25 are examples of other rotating multiphase reactor concepts. 

High shear forces generated by high centrifugal fields increase the mass transfer rate, 

improve mixing, and overcome flooding in counter-currently operating packed beds. Mean 

accelerations up to 500g were reported for the HiGEE reactors.24 However, such high 

rotational velocity will yoke the liquid phase to the wall and the gas phase to the core section 

in tubular fixed-bed reactors operating with cocurrent gas-liquid flows at relatively low liquid 

and gas flow rates. Consequently, performances under those high-shear circumstances are 

anticipated to worsen because of pronounced gas-liquid disengagement resulting from high 

centrifugal accelerations. 

Therefore, in this study, a low-shear rotating tubular fixed-bed reactor with moderate 

rotational velocities up to 90 rpm is proposed as a new operational concept for process 

intensification of heterogeneous catalytic reactions taking place in fixed-bed reactors either 

with cocurrent gas-liquid downflow or upflow mode of operation. Contrary to the inclined 

rotating reactor concept,18-20 where gas and liquid phase are deliberately separated by tilting 

the column in order to operate in cyclic wetting / dewetting mode and benefit from gas-liquid 

segregation, the rotating vertical reactor concept aims on achieving uniformity of phase 

distributions through low-shear rotation of the vertical column. Furthermore, it is expected 

that this reactor concept broadens/shrinks the low interaction domain depending on the gas-

liquid contacting mode. As far as the open literature is concerned, the effect of low-shear 

centrifugal forces on hydrodynamics of cocurrent gas-liquid downflow and upflow in 

vertically rotating packed beds is not yet addressed. 

In order to implement effectively this new reactor concept in multiphase fixed-bed reactors, 

the hydrodynamics of two modes of operation, i.e., gas-liquid cocurrent downflow and 

upflow are comprehensively investigated under different column rotational velocities and 
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typical gas and liquid superficial velocities. The hydrodynamic characteristics in terms of 

liquid saturation, bed pressure drop, liquid distribution patterns, and low-to-high interaction 

regime transition are experimentally studied. Moreover, residence time distribution (RTD) 

experiments are conducted in this new reactor concept to estimate the liquid residence time 

and liquid-phase overall Péclet number. Two wire-mesh sensors (WMS) positioned firmly in 

the rotating packed bed are employed to scrutinize the two-phase flow dynamic features as 

well as to detect the tracer pulses. The hydrodynamic behavior of the rotating packed beds is 

compared with the conventional static fixed-bed reactors. 

6.2 Experimental 

6.2.1 Rotating tubular fixed-bed reactor 

The experimental setup is schematically shown in Figure 6-1 together with the rotary actuator 

(13) and the wire-mesh sensor (WMS) (14) used for the liquid saturation measurements as 

well as for the detection of the conductive tracer pulses. The experiments were carried out at 

room temperature (ca. 22°C) and atmospheric pressure in the four-segmented PVC-made 

tubular vessel with an inner diameter of 100 mm and a total length of 1000 mm. The fixed 

bed consisted of randomly dumped spherical glass particles of 4.0 mm diameter resulting in 

an average bed porosity of 0.37. The packing was clamped between two mesh screens to 

avoid attrition and to ensure synchronous rotation with the reactor. Air and water were used 

as gas and liquid phases, respectively. The setup was operated in a recycle mode for the liquid 

phase, which was pumped by an impeller pump (Nirostar 2001-A, ZUWA Zumpe) and its 

flow rate was measured by a float-type flowmeter (Prüfgerätewerk Medingen). The gas flow 

rate was adjusted via a mass flow controller (FMA-2611A, Omega). A differential pressure 

transducer (PD23, Omega) was connected to the rotating fixed-bed reactor. The readings of 

this sensor were transferred via wireless connection (SX-DS-3000WAN, Silex) to a standard 

PC running a LabVIEW program for data acquisition. More details regarding the system 

properties and the range of operating conditions are given in Table 6-1. 
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Figure 6-1 Experimental setup of the low-shear rotating tubular fixed bed with gas-liquid 

cocurrent downflow and upflow modes: 1 - liquid reservoir, 2 - impeller pump, 3 - float-type 

flow meter, 4 - gas mass flow controller, 5 - tracer reservoir, 6 - dosing pump, 7 - downflow 

mode fixed bed, 8 - upflow mode fixed bed, 9 - pressure drop sensor, 10 – gas-liquid 

separator, 11 - downflow rotary union and gas/liquid distributor, 12 - upflow rotary union 

and gas/liquid distributor, 13 - rotary actuator, 14 - wire-mesh sensor 

 

Table 6-1 Range of operating conditions and system properties 

Parameter Value/Range 

Gas superficial velocity, uG 0.021-0.127 m/s 

Liquid superficial velocity, uL 0.0035-0.0178 m/s 

Liquid phase density, ρL 998 kg/m3 

Liquid viscosity, μL 0.001 Pa s 

Liquid surface tension, σL 0.072 N/m 

  

Size of glass spheres, dp 0.004 m 

Bed porosity, ɛ 0.37 

Bed length, L 1.0 m 

Reactor diameter, ID 0.10 m 

Rotary speed, n 0-90 rpm 
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The column was installed in a frame, which was equipped with rollers at the top of the column 

in order to ensure proper rotation. The fixed-bed reactor was rotated by a hollow shaft rotary 

actuator (DG130R-ASAC, Oriental Motor) with a stepper motor that allowed precise 

adjustment of the vessel rotational velocity up to 90 rpm (13). In-house made rotary unions 

were connected to the top and bottom sections of the fixed-bed reactor as shown in Figure 6-

1 for the downflow (11) and upflow (12) modes, respectively. In the downflow mode, the 

gas-liquid mixture at the bottom of the bed was discharged into the liquid reservoir acting as 

gas-liquid separator. In the upflow mode, the two phases were separated at the top of the 

vessel by means of a gas-liquid separator. The gas was released to the atmosphere and the 

liquid was returned to the liquid reservoir. In both configurations, a multipoint gas-liquid 

distributor was applied, which consisted of 12 capillaries with 4 mm inner diameter and 4 

holes with 8 mm inner diameter. The liquid and gas phases in the downflow mode were 

distributed, respectively, through capillaries and holes, whereas the reverse array was used 

in the upflow mode. Prior to any experiment, the reactor was completely flooded and 

subsequently drained by gravity for 30 min to ensure the bed was suitably pre-wetted. 

6.2.2 Wire-mesh sensor 

The wire-mesh sensor (WMS) is a low-intrusive, high spatiotemporal imaging device with a 

matrix-like arrangement of the sensing points. The aptitude of the sensor for the examination 

of several multiphase flow phenomena has been proven for (i) gas-liquid flow in pipes,26,27 

(ii) multiphase flow in packed beds9,28,29 and open-cell foams,30 and recently (iii) the 

hydrodynamic characterization of moving packed beds18,31,32 as well as oscillating bubble 

columns.33 The sensors applied in this study consisted of two axially separated parallel 

planes, each comprising 16 stainless steel wires with 6.0 mm lateral spacing. The wires in 

one plane were aligned perpendicularly to the wires in the other plane. This arrangement 

resulted in a theoretical number of 256 sensing points, out of which 208 valid points were 

located within the circular cross-section of the column. An electronics assembly with a 

logarithmic amplifier for capacitance-based measurements, featuring a framerate of 25 Hz 

and a wireless interface for data transfer, was applied. During the packing procedure, special 

care was taken to minimize the interference of the low-intrusive WMS with the fixed bed by 

carefully filling the glass spheres into the voids of the wire mesh as shown in Figure 6-1. As 
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far as visual observations before, during and after column operation were concerned, the 

glass beads, especially those retained in the wire-mesh sensor portion did not exhibit any 

noticeable displacement with respect to their initial state. 

The operating principle of WMS is based on measuring local multiphase mixture capacitance 

at each crossing point voxel between the sensing points. This measuring technique gives 

access to images of liquid volumetric distributions in the bed cross-sections using as a 

contrasting property the difference between gas and liquid electrical permittivity values 

nearby the WMS crossing point voxels. A two-point calibration and reconstruction procedure 

was used to convert the capacitance sensor signal in time and spatial quantitative 

information.34 Therefore, the WMS measurements with the limiting cases of the drained and 

flooded beds were allocated to bed states of 0% (lower level reference) and 100% (upper 

level reference) liquid fraction, respectively. This calibration data was afterwards applied for 

calculating the dynamic liquid saturation, β, defined as the liquid quantity held within a given 

pixel divided by the pixel area and by bed porosity–considering the pixel liquid saturation as 

a volumetric variable, the thickness of the corresponding voxel is the inter-plane distance of 

1.5 mm–. The resulting liquid saturation is the contribution in excess of the residual (or static) 

one as this latter was indeed taken as the lower-level reference (drained packing) in the 

calibration procedure. More detailed information about the WMS principle, functionality and 

calculation procedure can be found elsewhere.29,35-37  

6.2.3 Tracer test 

Two wire-mesh sensors were used to measure the temporal evolution of tracer pulses and 

alteration of their shapes due to liquid back-mixing in the liquid flow along the fixed bed. 

The WMSs were flange-mounted at positions 200 mm and 800 mm downstream the top of 

the packing. A brief square pulse of an aqueous sodium sulfate salt solution with cNa2SO4 = 

0.02 mol/L was injected upstream, i.e., above or beneath, depending on fixed bed flow 

configuration. For reproducible dosing of nearly square-wave tracer pulses, a gear pump 

(pumphead 120, BVPZ ISM 446, Ismatec) was used and that was controlled by a function 

generator (AFG 5101, Tektronix). The conductivity of the liquid after tracer injection was 

monitored in the liquid storage tank by a conductivity meter (TetraCon325 with MultiLine 
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P4, WTW). Accumulation of the tracer was avoided by regular replacement of the liquid with 

fresh deionized water. 

If a conducting liquid is present at a sensing point of the sensor, the unknown complex 

impedance can be described as a dielectric consisting of a capacitor (coupled to fluid 

permittivity) and a resistor (coupled to conductivity).38 At an elevated conductivity, set to 

approximately 0.02 S/m in this work and depending on the preliminary calibration and setting 

procedure of the WMS electronics, the resistive part of the complex impedance becomes 

dominant and the measured signal is logarithmically dependent on conductivity only.38 This 

characteristics is described by the calibration function given in Eq. 1, which links the 

measured voltage U per sensing point (i,j) to conductivity K of the liquid or the corresponding 

tracer concentration, respectively. 

 2 2

1 2 3( , ) ( , ) log ( , ) ( , ) ( , )U i j a i j K i j a i j a i j     (1) 

The constants a1(i,j), a2(i,j) and a3(i,j) depend on the geometry as well as on the electrical 

circuit of every sensing point and were estimated during the calibration of the WMS prior to 

the actual residence time distribution (RTD) measurements. The instantaneous pixel signals 

of the sensors were averaged in the cross-section and normalized to the total amount of tracer. 

6.3 Results and Discussion 

In this section, the results obtained for rotating packed beds with gas-liquid cocurrent 

downflow and upflow modes of operation are presented along with those of the conventional 

stationary packed beds. The effect of column rotation on hydrodynamic parameters is 

discussed thoroughly with respect to the results of the stationary counterpart. It should be 

noticed that in the following discussion 0 rpm is referring to the conventional stationary 

trickle-bed reactor (TBR) and packed bubble column reactor (PBCR), respectively. 

6.3.1 Liquid flow patterns 

As a preliminary study, the effect of column rotation on the prevailing flow pattern inside the 

porous media was investigated. Figures 6-2a,b show typical flow patterns (i.e., distributed 
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local liquid saturation values compiled as a pattern matrix) evolving as a function of column 

rotational speed in packed beds with gas-liquid cocurrent downflow and upflow, 

respectively. For comparative purposes, the corresponding flow patterns for the stationary 

(non-rotating) packed beds are illustrated as well, see left flow pattern images (Figure 6-

2a,b). In all cases, the gas and liquid superficial velocities were kept constant. Two flow 

patterns, namely, dispersed and annular flows, were observed in the new low-shear rotating 

packed bed in cocurrent downflow (Figure 6-2a). Likewise, the column rotation brought 

about homogenized bubbly and annular flow patterns in gas-liquid cocurrent upflow (Figure 

6-2b). 

 

 

Figure 6-2 Typical liquid flow patterns observed in the low-shear rotating tubular fixed bed 

with gas-liquid cocurrent (a) downflow, uG = 0.053 m/s; uL = 0.012 m/s, and (b) upflow, uG 

= 0.053 m/s; uL = 0.0035 m/s. H = 500 mm 

 

The dispersed flow and homogenized bubbly flow patterns are characterized by nearly 

equally distributed liquid phase (i.e., liquid saturation) over the bed cross-section (Figures 6-

2a,b). The annular flow pattern in both modes of operation, on the other hand, shows a 

noticeable gas-liquid segregation. Liquid is seen to migrate towards the outer annulus of the 

reactor cross-section whereas the gas is preferentially flowing in the core region of the packed 
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bed where a lower resistance to gas flow prevails. As predominant flow regimes in 

conventional stationary packed beds, trickle and bubbly flows, respectively, in cocurrent 

downflow and upflow, were characterized, despite precautions taken in the design of the 

distributor, by multiple zones of liquid channeling. It is remarkable that such an 

inhomogeneity in gas-liquid distribution was appreciably corrected once a moderate column 

rotation at 30 rpm revolution was set in as reflected in the dispersed flow and homogenized 

bubbly flow patterns, see Figure 6-2a,b. Thus, introduction of such rotational operation might 

be an effective measure to increase the packing utilization and to enhance the process 

performance. 

6.3.2 Radial liquid distribution 

Following the above observations, the extent of uniformity of liquid distribution over the 

cross-section of the rotating packed bed was quantitatively examined along the reactor length. 

Figure 6-3 compares the azimuthally averaged radial distributions of liquid saturation 

obtained from WMS measurements at three different bed heights for different vessel 

rotational velocities. The liquid distribution in the bed obtained for the stationary case 

(rotational velocity = 0 rpm), is also shown for comparison. In the downflow mode (Figure 

6-3a1-a3), the rotation of the packed bed with n = 30 rpm substantially counterbalanced the 

liquid maldistribution that prevailed in the central regions of the stationary bed. Such 

improved uniformity can be ascribed to transverse forces resulting from vessel rotation, albeit 

modest, that equalized liquid saturations over the reactor cross-section. A further increase of 

rotational velocity, however, augments the centrifugal forces with a result to shift the flow 

regime to an annular-type. In this flow pattern, a significant part of the liquid stream is yoked 

to the wall and flows within this wall region (Figure 6-2a) causing the lesser liquid irrigation 

of the core section. One can straightforwardly capture from the liquid saturation profiles in 

Figure 6-3a1-a3 that the vessel rotation at n = 60 and 90 rpm induced dominant annular flow 

patterns in the bed cross-section. Similarly, vessel rotation in upflow mode influenced the 

liquid distribution (Figure 6-3b1-b3). Comparison of the stationary bed with the rotating ones 

revealed that a moderate rotational velocity of 30 rpm generated sufficient transverse forces 

to redistribute distinct flow paths of liquid streams and bubble trains in the bed cross-section, 

hence the appearance of a homogenized bubbly flow. Nevertheless, the onset of an annular 
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flow and consequently deterioration of the phase distribution were discerned at the higher 

rotational velocities of 60 rpm and 90 rpm. 

 

 

 

 

Figure 6-3 Radial distribution of liquid saturation in the course of fixed-bed rotations with 

gas-liquid cocurrent (a1-a3) downflow, uG = 0.053 m/s; uL = 0.012 m/s, and (b1-b3) upflow, 

uG = 0.053 m/s; uL = 0.0035 m/s. Positions H = 200 mm, 500 mm and 800 mm downstream 

the top of the packing 

 

6.3.3 Liquid saturation and pressure drop 

A more detailed hydrodynamic characterization of the new low-shear rotating fixed-bed 

reactor was pursued by analyzing the obtained cross-sectional liquid saturation and pressure 

drop data. 

Downflow mode: Figure 6-4 illustrates the cross-sectional averaged liquid saturation and 

pressure drop for different gas and liquid superficial velocities as a function of column 
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rotational velocity. Pressure drop and liquid saturation of the stationary packed bed operated 

at the same conditions are also presented for comparison (data points at n = 0 rpm). The 

liquid saturation (Figure 6-4a) was clearly affected by the vessel rotation for all tested 

superficial fluid velocities. At a moderate rotational velocity of n = 30 rpm, in which the 

dispersed flow was already fully established, the average liquid saturation was lower than in 

a conventional trickle bed. This is due to the enhanced cross-sectional liquid distribution, 

which resulted in more gas-liquid interactions and accordingly in more entrainment of the 

liquid by the inflowing gas. Though the liquid saturation monotonically decreased by 

increasing rotational velocity at higher gas superficial velocities, it remained nearly constant 

for uG = 0.021 m/s with an increment of rotational velocity from n = 30 rpm to n = 60 rpm, 

indicating the persistent dispersed flow over this range of operating conditions. A further 

increase of rotational velocity to n = 90 rpm, on the other hand, shifted the flow pattern to an 

annular one regardless of gas and liquid superficial velocities. By being thus pulled to the 

higher-porosity wall region, the liquid flow experienced less resistance hence the pronounced 

reduction of liquid saturation. Moreover, lower liquid saturations as a result of increasing gas 

and/or decreasing liquid superficial velocities were also observed in agreement with literature 

findings.39,40 

 

 

Figure 6-4 (a) Cross-sectionally averaged liquid saturation at H = 500 mm and (b) pressure 

drop in low-shear rotating tubular fixed beds with gas-liquid cocurrent downflow 
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Apart from the clear decreasing trend of liquid saturation by incrementing rotational velocity, 

pressure drops (Figure 6-4b) were revealed to be only slightly influenced by vessel rotation. 

While the pressure drops for uL = 0.014 m/s at all gas superficial velocities (solid lines) 

remained more or less virtually indifferent to moderate rotations up to n = 60 rpm, a small 

initial reduction of pressure drop was particularly perceivable for uL = 0.01 m/s at the lower 

gas superficial velocities of uG = 0.021 m/s and uG = 0.053 m/s, when the bed started to rotate 

with n = 30 rpm. Similarly to the liquid saturation, pressure drop remained nearly constant 

for uG = 0.021 m/s with an increase of rotational velocity from n = 30 rpm to n = 60 rpm. 

Expectably, the pressure drop noticeably decreased at a high rotational velocity of n = 90 

rpm, where the annular-type flow was already fully established. This was interpreted as due 

to the gas-liquid disengagement, whereby the invigorated centrifugal forces, by forcing the 

liquid phase to preferentially accumulate at the wall region (Figure 6-2a) tended to diminish 

the intensity of gas-liquid interactions. Finally, the pressure drop increase with increasing 

fluid superficial velocities for this reactor configuration likens that in conventional trickle 

beds.39,40 Furthermore, a comparison between the experimental results and data from 

correlations developed by Ellman et al.41,42 and Larachi et al.40,43 was carried out to evaluate 

the ability of those well-known correlations in predicting liquid saturation and pressure drop 

(Figure 6-5). It can be seen that with increasing the rotational velocity and approaching to 

the annular-type flow pattern, the deviation increases and the correlations overestimate the 

results. 

 

 

Figure 6-5 Comparison of experimental and calculated values of (a) liquid saturation and (b) 

pressure drop. Gas-liquid cocurrent downflow packed bed 



 

191 

 

 

Upflow mode: The influence of column rotation on liquid saturation and pressure drop under 

gas-liquid cocurrent upflow was also investigated. Average liquid saturation and pressure 

drop for different fluid throughputs are depicted in Figure 6-5 as a function of rotational 

velocity together with those corresponding to a stationary bed. Increasing gas superficial 

velocity at constant liquid throughput was accompanied as expected with lower liquid 

saturation in both rotating and stationary packed beds (Figure 6-6a). 

 

 

Figure 6-6 Coefficient of variation of the instantaneous spatially-averaged liquid saturations 

as a function of liquid superficial velocity and column rotational velocity at constant uG = 

0.106 m/s in cocurrent downflow and (b) kurtosis of the corresponding probability density 

functions as a function of gas superficial velocity and column rotational velocity at constant 

uL = 0.0035 m/s in cocurrent upflow: Criteria of low-to-high interaction flow regime 

transition. H = 500 mm 

 

Two different trends in the liquid saturation profile were observed for the low and high liquid 

superficial velocities upon applying a moderate vessel rotation of n = 30 rpm. At the lower 

liquid velocity of uL = 0.0035 m/s (dashed lines), the liquid saturation noticeably decreased 

at all gas superficial velocities with column rotation. Such reduction can be attributed to the 

proliferation of relatively small bubbles as a result of an increased liquid shear at their birth 

on the distributor. Rotation of the column is believed to augment this shear by virtue of the 

intensified transverse forces in the bed cross-section. While an increase of rotational velocity 

from n = 30 rpm to n = 60 rpm extended this circumstance to higher gas flow rates, a 

particular increase of the liquid saturation in the case of lower gas superficial velocity of uG 
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= 0.021 m/s became discernible. Prompted by higher centripetal forces pulling gas bubbles 

to the middle of the bed, a gradual change from a homogenized bubbly flow with rather small 

bubbles at n = 30 rpm to a bubbly flow with wider size distribution was presumably 

responsible for the increase of liquid saturation at n = 60 rpm. Further increase of rotational 

velocity up to n = 90 rpm, on the contrary, evolved the flow pattern into an annular one. 

There a considerable portion of the gas built up in the core region while, being surrounded 

by more or less a continuous liquid region at the wall, led again to declining liquid saturations 

for all gas superficial velocities. The case of the higher liquid superficial velocity of uL = 0.01 

m/s (solid lines) showed a slight increase of liquid saturations at n = 30 rpm, whereas similar 

trends were observed by increasing the rotational velocity as compared to the low liquid 

superficial velocity (uL = 0.0035 m/s). This initial increase of liquid saturation can be ascribed 

to the fact that the poral space, originally occupied by small bubbles, is now being taken up 

by the liquid. This latter, in response to column accelerations, is thought to force in its 

crosswise displacement the small bubbles to coalesce into larger ones forcing them to escape 

for more coverage of the cross-sectional area by the liquid phase.  

Figure 6-6b illustrates the evolution of bed pressure drop as a function of column rotation. It 

should be noted that the overall pressure drop in packed beds with ascending gas-liquid 

cocurrent flows consists of a static head of the liquid phase and gas-liquid-solid interactions 

or the so-called dynamic pressure. It can be seen that the rotation of the bed with a velocity 

up to n = 60 rpm led to only a slight increase of pressure drop reflecting the limited 

contribution of transverse forces gained by the fluids. Nonetheless, at the transition toward 

the annular-type flow pattern from n = 60 rpm to n = 90 rpm, a declining trend was observed 

for the pressure drops, especially at lower fluid velocities stemming from the reduced gas-

liquid interactions reminiscent of this flow pattern. Beside these observations, increasing 

fluid velocities significantly increased the pressure drop due to more gas-liquid-solid 

interactions, with a more noticeable contribution from the liquid superficial velocity. The 

comparison between the experimental results and data from correlations available in the 

literature for upflow packed beds40-45 showed an increase in deviation for predicting liquid 

saturation and pressure drop at high rotational velocity, though there is still good agreement 

at low rotational velocities (Figure 6-7). 
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Figure 6-7 Comparison of experimental and calculated values of (a) liquid saturation and (b) 

pressure drop. Gas-liquid cocurrent upflow packed bed 

 

6.3.4 Flow regime transition 

It is recognizable from above results that the column rotation might also affect the regime 

transition from low to high interaction.46,47 Here, the low-to-high interaction regime 

transition is referring to the trickle-to-pulse flow in downflow and to bubbly-to-

heterogeneous flow in upflow. Amidst various methods available in the literature to identify 

flow regime transitions in multiphase reactors, statistical analysis of time-series signal has 

been widely used.48 In this work, two statistics, namely, the coefficient of variation and 

kurtosis, were computed from WMS instantaneous liquid saturation time series data. The 

former is defined as a ratio of the signal standard deviation (σ) normalized by the signal time-

average (Eq. 2). The latter is used for diagnosis of whether the signal probability density 

function is peaked or flat in comparison with a normal distribution (Eq. 3).32,49 These 

coefficients are defined as follows: 

Coefficient of variation = 
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Where βk is the instantaneous cross-sectionally averaged liquid saturation and N is the 

number of events acquired in the observational time window. 

 

 

Figure 6-8 (a) Coefficient of variation of the instantaneous spatially-averaged liquid 

saturations as a function of liquid superficial velocity and column rotational velocity at 

constant uG = 0.106 m/s in cocurrent downflow and (b) kurtosis of the corresponding 

probability density functions as a function of gas superficial velocity and column rotational 

velocity at constant uL = 0.0035 m/s in cocurrent upflow: Criteria of low-to-high interaction 

flow regime transition. H = 500 mm 

 

Figure 6-8a shows the evolution of the coefficient of variation as a function of liquid 

superficial velocity in cocurrent downflow for different rotational velocities at a constant gas 

superficial velocity (uG = 0.106 m/s). For comparison, the flow regime transition for the 

stationary trickle bed is also shown. The leftmost and rightmost regions echoed, respectively, 

the low and high interaction regimes whereas the transition in-between was identified from 

coefficient of variation plots as liquid superficial velocity was increased. A pronounced shift 

in the transition point was observed for the high rotational velocity (n = 90 rpm) unlike the 

static bed and the rotating packed bed at moderate rotational velocities. Such delay was 

ascribed to gas-liquid segregation imposed in the annular pattern. On the other hand, the 
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coefficient of variation took noticeably higher values for the rotating column with moderate 

velocities, i.e., n = 30 rpm and n = 60 rpm, as compared to the stationary trickle bed over the 

same flow-rate range. This observation supports the fact that vessel accelerations were 

responsible to some extent in invigorating the gas-liquid interactions. 

Plots of the coefficient of variation for cocurrent upflow were unable to neatly distinguish a 

shift in regime transition due to column rotation though they enabled assessment of higher 

(or lower) gas-liquid interactions as a result of higher (or lower) vessel accelerations. 

Therefore, flow regime transitions were tentatively determined through kurtosis analysis 

instead. The evolution of liquid saturation kurtosis as a function of gas superficial velocity 

for different rotational velocities was thus investigated (Figure 6-8b). Kurtosis plots 

successfully identified the transition points for stationary or rotating configurations which 

were assigned to the minima in Figure 6-6b. These minima manifested the regime changeover 

from the low interaction i.e., bubbly flow and homogenized bubbly flow, towards the high 

interaction or pulse flow. Upon progressive increase of gas superficial velocity, two different 

trends were observed for the kurtosis profiles. They exhibited first a decreasing trend the 

slope of which exhibited non-monotonic dependence to column rotational velocity. Such 

decline in kurtosis can be attributed to the increase in size and number of bubbles with 

increasing gas velocity. At the approach of transition, as gas-liquid interactions increased the 

trends reversed. This was interpreted as due to a decrease of signal fluctuations from small 

bubbles and generation of less frequent gas slugs which all eventually led to peaking of the 

probability density function towards the average liquid saturation values. Higher rotational 

velocities were more favorable to flow instabilities to trigger the formation of gas/liquid 

slugs, thus the earlier onset of pulse flow regime for rotating vessels (Figure 6-8b inset). 

Contrary to cocurrent downflow where column rotation delayed inception of pulse flow 

(Figure 6-8a), the transition point in cocurrent upflow occurred at lower gas velocities as 

vessel rotational velocity was increased. Moreover, it is worthy of mention that column 

rotation at n = 90 rpm significantly allayed the kurtosis values in the low interaction domain 

at the expense of an annular-type flow pattern. 



 

196 

 

6.3.5 Liquid residence time and dispersion 

Contribution to liquid dispersion by the column movement in cocurrent downflow and 

upflow was also studied. The axial dispersion plug flow model (ADM) with open-open 

boundary conditions was used to estimate the liquid residence time and the effective Péclet 

number.50,51 Signals from the WMS were fitted to the two-parameter ADM by employing the 

imperfect-pulse Aris method and time-domain non-linear fitting.52 The calculated mean 

liquid residence time and effective Péclet number were presented and discussed with respect 

to the prevailing flow patterns discussed earlier. 

Downflow mode: The effect of bed rotation on the mean liquid residence time and liquid 

effective Péclet number is illustrated in Figure 6-9. As an illustration, representative tracer 

signals registered by the upper and lower wire mesh sensors as well as the back-calculated 

signals for the dispersed flow (n = 30 rpm) and annular-type flow (n = 90 rpm) are plotted in 

Figure 6-9a. Excellent agreement was found between measured and calculated output signals 

for both the flow regimes. While moderate rotation of the packed bed barely affected the 

mean liquid residence time, a clear decrease was observed at the high rotational velocity of 

n = 90 rpm, where the annular-type flow pattern was already fully developed, compared with 

the trickle bed reactor (n = 0 rpm) (Figure 6-9b). This indicated that elevated centrifugal 

forces redirected the majority of liquid flow paths along the column wall consequently 

shortening its residence time. Column rotation was found to appreciably influence the 

effective Péclet number. Figure 6-9c shows a substantial rise in the effective Péclet number 

as a result of bed rotation with a velocity of n = 30 rpm due to the emerging dispersed flow 

pattern where a fairly uniform liquid distribution was achieved (Figure 6-2a). The liquid flow 

became more dispersive with further increasing the rotational velocity beyond 30 rpm as 

evidenced from lower values of the Péclet number in comparison with those corresponding 

to the static trickle bed. The evolved gas-liquid segregation in the annular-type flow pattern 

under high rotational velocity (n = 90 rpm) led to more severe liquid dispersion. In line with 

literature findings,18,53 an increase in liquid superficial velocity resulted in a decrease in the 

mean liquid residence time and an increase in the effective Péclet number for both the low-

shear rotating packed bed and static trickle bed, whereas only a slight impact of gas velocity 

was divulged. 
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Figure 6-9 (a) Examples of experimental inlet and outlet WMS response curves together 

with the fit of the outlet response to ADM, uG = 0.053 m/s; uL = 0.0053 m/s for the dispersed 

flow (n = 30 rpm) and the annular-type flow (n = 90 rpm), (b) mean liquid residence time, 

(c) liquid effective axial Péclet number. Gas-liquid cocurrent downflow 

 

Upflow mode: Tracer responses for rotational velocities of n = 30 rpm and n = 90 rpm as 

representatives of, respectively, the homogenized bubbly flow and the annular-type flow, are 

shown in Figure 6-10a jointly with the back-calculated signals. Unlike in cocurrent 

downflow, the mean liquid residence time in upflow was noticeably influenced by the column 

rotations. Increasing bed rotation induced higher phase interactions reflecting in an increased 

liquid residence time (Figure 6-10b) in particular at uG = 0.053 m/s and uL = 0.010 m/s. Figure 

6-10c illustrates variations of the effective Péclet number as a function of rotational velocity 

for different gas and liquid superficial velocities. Different trends were observed for the 

Péclet number with increasing rotational velocity. Rotating the column at n = 30 rpm inflated 

remarkably the Péclet number for uG = 0.053 m/s and uL = 0.0053 m/s, whereas it diminished 

persistently with further increasing the rotational velocity on account of the onset of annular 

flow. This flow pattern also appeared at the highest rotational velocity of n = 90 rpm for uG 
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= 0.021 m/s and uL = 0.010 m/s translating here too in lower Péclet number. The lowest Péclet 

numbers persisted up to n = 30 rpm at the highest gas and liquid superficial velocities. Yet 

the increase of vessel rotational speed boosted remarkably the Péclet number relative to that 

of the stationary packed bed. 

 

 

 

Figure 6-10 (a) Example of experimental inlet and outlet WMS response curves together 

with the fit of the outlet response to ADM, uG = 0.053 m/s; uL = 0.0053 m/s for the 

homogenized bubbly flow (n = 30 rpm) and the annular-type flow (n = 90 rpm), (b) mean 

liquid residence time, (c) liquid effective axial Péclet number. Gas-liquid cocurrent upflow 

 

6.4 Conclusion 

The performance of the new low-shear rotating reactor concept was assessed based on a 

comprehensive hydrodynamic study of packed beds with cocurrent gas-liquid downflow and 

upflow. The fixed bed vessel was accurately rotated by a hollow shaft rotary actuator with 

rotational velocities up to 90 rpm. Wire-mesh sensors were embedded in the packed bed to 

register the local instantaneous liquid saturation variations across the bed in order to 
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characterize their patterns during the course of bed rotation. Moreover, liquid residence time 

measurements enabled access to liquid axial dispersion information using tracer pulse signal 

analysis and Aris’s two-point detection method. 

Analysis of experimental results revealed that column rotation had a noticeable impact on 

the hydrodynamics of both downflow and upflow modes. Rotating the bed with velocities up 

to 60 rpm, depending on fluid flow rate and mode of operation, can significantly improve the 

crosswise uniformity of phase distribution. Depending on fluid superficial velocity and 

reactor rotational velocity, two different flow patterns, namely, dispersed and annular flow 

were recognized in the downflow mode. Similarly, the column rotation prompted 

homogenized or annular flow patterns in cocurrent upflow. While a high rotational velocity 

of 90 rpm noticeably decreased the liquid saturation and pressure drop for downflow and 

upflow modes as compared to stationary packed beds, these parameters exhibited different 

trends at moderate rotational velocities. Furthermore, the column rotation delayed inception 

of the pulse flow regime in cocurrent downflow, whereas the bubbly-to-heterogeneous flow 

transition in cocurrent upflow was considerably shifted to lower gas velocities by increasing 

vessel rotational velocity. More flexibility in adjusting liquid residence time and back-mixing 

was found in the rotating packed bed operating at constant gas and liquid flow rates. 

Furthermore, it is speculated that depending on the type of reactions to be carried out in fixed 

bed reactors, either being liquid- or gas-limited, complete irrigation of the catalyst combined 

with thinner liquid films around the catalyst surface can be achieved by tuning an appropriate 

vessel rotational velocity to ease accessibility of the active sites either to the liquid and/or 

gaseous reactants. 

It is worth mentioning that the implementation of this new reactor concept will require the 

additional electrical power input for rotating the whole reactor as well the additional 

investment to design rotary compartments and to control the setup alike in huge rotary kilns 

for the pyroprocessing stage of cement production. However, such complexity and costs have 

to be counterbalanced by the enhanced performance in the low-shear rotating reactor as 

manifested in the experimental results of this study. As an example, hydroprocessing of 

petroleum feedstock, which is commonly performed in fixed-bed reactors is required to 

comply with environmental regulations controlling emission of sulfur and CO2. Nevertheless, 
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these industrial hydroprocessing reactors are suffering from liquid maldistribution and 

formation of local hotspots, which adversely impact the quality of the products. Moderate 

rotation of the reactor, on the other hand, will be a solution to contribute in overcoming those 

problems. As far as phase maldistribution, hotspots, and gas and liquid mass transfer rates 

are the major concerns in operation with packed-bed reactors for processes such as 

hydrogenation reactions to saturate organic compounds and oxidation reactions with solid 

catalysts for wastewater treatment, the new reactor concept can be regarded as a potential 

solution. Therefore, the findings of the current work open up a new approach for process 

intensification of multiphase downflow and upflow packed-bed reactors. 

Nomenclature 

a  constant 

c  concentration (mol/L) 

D  dispersion coefficient (m2/s) 

H  axial distance from the top of packing 

i,j  pixel index 

K  conductivity (S/m) 

L  axial distance between the wire-mesh sensors (m) 

n  column rotational velocity (rpm) 

N  time-series length 

Pe  Péclet number (uLL/ɛLDax)  

r  radial position (m) 

R  reactor radius (m) 

t  time (s) 
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u  superficial velocity (m/s) 

U  voltage (V) 

Greek Letters 

β  spatial-averaged liquid saturation 

   time-averaged liquid saturation 

σ  temporal liquid saturation standard deviation 

τ  residence time (s) 

Subscripts 

ax  Axial 

G  gas 

k  time interval index 

L  liquid 

p  particle 

Abbreviations 

ADM  axial dispersion model 

PBCR  packed bubble column reactor 

RTD  residence time distribution 

TBR  trickle-bed reactor 

WMS  wire-mesh sensor 
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Chapter 7: Offshore Floating Packed-Bed Reactors  ̶Key 

Challenges and Potential Solutions* 

 

                                                 
* Motamed Dashliborun, A., Larachi, F., Schubert, M., 2017. Chemical Engineering & Technology, 40(11), 

1975-1984. 
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Résumé 

L'influence des mouvements flottants des vaisseaux sur le comportement hydrodynamique 

des écoulements polyphasiques dans les milieux poreux a été étudiée. Pour élucider leurs 

effets, des expériences à l'échelle du laboratoire ont été réalisées à l'aide d'un émulateur de 

mouvement de navire hexapode avec des mouvements de six degrés de liberté et une colonne 

garnie embarquée fonctionnant dans le mode d'écoulement descendant gaz-liquide co-

courant. La réponse de la distribution gaz-liquide, de la perte de charge, de la saturation du 

liquide et du régime d'écoulement aux inclinaisons de la colonne et aux mouvements du 

rouleau a été comparée à celles des configurations immobiles verticales et inclinées 

correspondantes. La visualisation en ligne de configurations d'écoulement diphasiques en 

termes de distribution locale de saturation de liquide est effectuée au moyen d'un capteur 

capacitif à mailles métallique positionné à travers le lit. Les résultats ont révélé que la 

performance hydrodynamique des lits fixes sous un mouvement de roulis s'écarte fortement 

de celle des lits immobiles verticaux, ce qui indique que les caractéristiques connues des 

réacteurs à lit ruisselant conventionnels terrestres ne peuvent pas être transposées 

individuellement pour la conception et la mise à l'échelle des configurations de réacteurs sur 

des unités flottantes. 
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Abstract 

The influence of floating vessel motions on the hydrodynamic behavior of multiphase flows 

in porous media was studied. For elucidating their effects, laboratory-scale experiments were 

carried out using a hexapod ship motion emulator with six-degree-of-freedom motions with 

an embarked packed column operating in the co-current gas-liquid down-flow mode. The 

response of gas-liquid distribution, pressure drop, liquid saturation, and flow regime 

transition to column inclinations and roll motions was monitored and compared to those of 

the corresponding static vertical and inclined configurations. On-line visualization of two-

phase flow patterns in terms of local liquid saturation distribution is performed by means of 

a capacitance wire-mesh sensor positioned firmly on the floating packed bed. The results 

revealed that the hydrodynamic performance of packed beds under roll motion deviates 

strongly from that of the static beds, indicating that the known characteristics of the 

conventional land-based trickle-bed reactors cannot be transposed on a one-to-one basis for 

design and scale-up of the floating reactor configurations. 
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7.1 Introduction 

Among the three main types of multiphase reactors, namely, packed bed, fluidized bed and 

bubble column, the first one is well-established in chemical and petroleum industries due to 

its simplicity in construction and large production volumes.1 Trickle bed reactors (TBR) 

belong to the family of packed beds in which gas and liquid flow in co-current down-flow 

mode with the liquid phase trickling over randomly filled catalyst particles.2 

Hydroprocessing of crude oil and Fischer-Tropsch synthesis are amongst the processes 

commonly accomplished in TBRs. 

Extending application of TBRs from land-based oil and gas processing units to offshore 

hydrocarbon fields in deeper water is a likely perspective in the petroleum industry sector on 

account of the increasing world energy demand as well as of the decreasing trend in 

discovering new giant onshore fields. Thus, such packed beds are embarked on mobile 

offshore platforms such as floating production, storage and offloading (FPSO) and floating 

liquefied natural gas (FLNG) units for onboard treatment and refining of hydrocarbons 

extracted from undersea reservoirs near the extraction site.3,4 These systems allow integrating 

a number of processing units on the same floating platform, thereby improving the economic 

viability and monetization of small and remote hydrocarbon sources.5-7 

Nevertheless, ship oscillations and tilts triggered by wind and marine swells inevitably affect 

the performance of floating reactors or separation columns onboard FPSO units.8,9 

Accordingly, a successful implementation of TBRs onboard ships dealing with offshore 

hydrocarbon treatment requires comprehensive knowledge on the influence of actual marine 

conditions on the reactor performance to propose potentially effective countermeasures 

proper to this marine context. Notwithstanding that in previous decades, exhaustive studies 

have been performed on conventional onshore TBRs and a huge literature has become 

available unveiling their hydrodynamic and reactive performance, as far as unconventional 

reactor configurations are concerned, the features under scrutiny cannot be directly 

transposed on a one-to-one basis, and thus, more insights are mandatory for such 

configurations. In particular, moving reactors such as floating packed beds are foreseen to 

exhibit those hydrodynamic behaviors that are at odd as compared to conventional vertical 
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TBRs. While a number of efforts have been allocated for the design of suitable distributors 

and selection of appropriate packings to curb fluid maldistribution in the bed during FPSO 

excitations,8,10-14 there are only a few studies in the literature that have thus far specifically 

addressed the hydrodynamics prevailing inside floating packed beds.9,15,16 Meanwhile, flow 

dynamics and phase maldistributions in static tilted configurations viewed as limiting column 

postures on floating systems have been thoroughly investigated and are referred as the worst-

case performance scenario.17-21 

One might need to leave the usual comfort zone off the well-trodden paths for new 

unexplored configurations such as the floating packed beds to be studied here. For the time 

being, only the basic hydrodynamic properties of such reactors in oscillation are tackled. For 

this purpose, a new experimental setup combining a hexapod robot with six-degree-of-

freedom motions and an embarked column instrumented with a capacitance wire-mesh 

sensor is employed to examine the hydrodynamic behavior of floating packed beds. The 

hydrodynamic characteristics in terms of gas-liquid segregation, liquid saturation, bed overall 

pressure drop, and flow regime transition are studied for the moving packed beds and 

compared with the static vertical and inclined configurations. Ultimately, two operational 

techniques are suggested as potential methods for process intensification in offshore 

multiphase packed beds where gas and liquid phases are fed co-currently downwards. 

7.2 Experimental apparatus and procedure 

Figure 7-1a schematically illustrates the laboratory setup used to study the effect of ship 

motions on the two-phase flow hydrodynamics. The transparent Plexiglas column (ID = 5.7 

cm) was packed up to a height of 1500 mm with 3 mm glass bead particles resulting in an 

average packing porosity of ca. 0.40. The packing was immobilized between a screen at the 

bottom and the distributor at the top of the reactor to prevent displacements of the glass beads. 

To ensure a homogeneous initial distribution of the fluids, the distributor was designed with 

9 capillaries for liquid feed and of 22 needle orifices for gas supply. Air and water were fed 

co-currently downwards at room temperature and atmospheric pressure. Before starting any 

experiment, the packed bed was operated in the pulse flow mode to ensure complete pre-

wetting of the bed. 
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Figure 7-1 (a) Experimental setup illustrating stationary-moving packed bed/wire mesh 

sensor/hexapod robot, (b) wire mesh sensor, (c) six-degree of freedom of hexapod motions, 

roll motion, and single-degree-of-freedom sinusoidal path for hexapod motion 

 

To scrutinize instantaneously the gas-liquid flow patterns and measure liquid saturation, a 

wire-mesh capacitance sensor (WMS) was used and installed at position 1300 mm 

downstream the inlet of the packing (Figure 7-1b). WMS is composed of two horizontal 

planes with 16 parallel stainless steel wires of 0.4 mm diameter and 3.57 mm lateral distance 

between them. The distance between upstream and downstream planes running as transmitter 

and receiver, respectively, is 1.5 mm. More details about the operating principle of WMS 

and data processing can be found in Da Silva et al. (2007)22 and Schubert et al. (2010)23. The 

data were recorded with a sampling frequency of 100 Hz. The bed states of 100% (flooded 

bed) and 0% (drained bed) liquid saturation were assigned as reference measurements to 

calculate the dynamic liquid saturation, β, in each pixel, i.e., virtual crossing points of the 

wire-mesh sensor. The resulting liquid saturation is the contribution that exceeds the 0% 

reference or the so-called residual liquid saturation. In addition, the bed pressure drop was 
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obtained from monitoring the dynamics of the inlet pressure by means of a pressure gauge 

(model NOSHOK transmitter 100-30), while the bed exit was left open to atmospheric 

pressure. 

A hexapod ship motion emulator (Figure 7-1c) allowing six-degree-of-freedom motions 

including translational (surge along Y direction; sway along X direction; heave along Z 

direction) and rotational (roll around Y axis; pitch around X axis; yaw around Z axis) motions 

was employed and the packed bed was firmly positioned on it. The hexapod platform 

followed a sinusoidal path with adjustable parameters, which are shown in Figure 7-1c. In 

this work, the packed bed was subjected to roll motion with 15° amplitude and periods of 5-

40 s covering typical conditions of a ship subjected to marine swells.24,25 Moreover, static 

vertical (0°) and static inclined (5°-15°) packed beds were also included in this study to allow 

comparisons between conventional onshore and offshore configurations. 

7.3 Results and Discussion 

7.3.1 Liquid saturation distribution 

The effect of tilt angle on the gas-liquid distribution for the static packed bed was first 

investigated by analyzing the cross-sectional liquid saturation registered by the wire-mesh 

sensor (WMS). Figure 7-2a1-4 show two-dimensional (2-D) local time-averaged liquid 

saturations as a function of the bed tilt angle (indicated by the red dashed line). Besides, the 

2-D liquid saturation data of Figure 7-2a1-4 were line-averaged along the y-axis and the 

resulting profiles are displayed as a function of x in Figure 7-2b1-4 to underline the 

axisymmetric breakdown caused by the bed inclination. Both representation sets illustrate a 

quasi-even liquid saturation distribution for the static vertical bed (0°) over the whole column 

cross-section. Contrarily, column deviations from verticality by 5, 10 and 15° resulted in the 

development of gas-liquid segregation zones leading to phase maldistribution similar to 

literature findings for other types of inclined packed bed.18,19,21 Increasing the tilt angle 

intensified the gravity-driven force, whereby liquid moved to the lower-wall zone forcing the 

gas phase to migrate to the upper-wall zone, thereby giving rise to a segregated flow pattern 

in the bed. 
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Figure 7-2 (a) 2-D time-average liquid saturation distribution as a function of column tilt 

angle, (b) transverse profile of the x-direction-averaged liquid saturation (Ug = 0.190 m/s and 

Ul = 0.005 m/s) 

 

In order to assess the impact of bed rolling motions on the crosswise liquid distribution, two 

orthogonal regions adjacent to the wall were selected from the 2-D WMS slice, as shown in 

Figure 7-3a with red (region RI) and blue (region RII) colors inside the circle representing 

the bed cross-section. Figure 7-3a depicts the time-series of the spatially-averaged liquid 

saturations for these regions along with the roll sine wave corresponding to the hexapod 

angular movement (dashed-black line). Here, running time is normalized with respect to the 

motion period (time/period). To illustrate the liquid transverse travel during the rolling of the 

reactor, images of the bed cross-sectional area at different positions within one motion period 

are also shown (Figure 7-3b). It can be seen that the liquid saturation corresponding to region 

RI oscillated with a periodicity equal to the column oscillations. The liquid saturation of RI 

reached its maximum value by tilting the column to the lowermost position ( = +15°), see 

Figure 7-1c. However, by changing the column position from  = +15° to  = -15° over one-

half period, RI relocated to the uppermost position, and thus, minimum liquid saturation 

emerged. Oscillations of the liquid saturation reflect also secondary transverse displacements 

of the fluids in the bed crosswise planes caused by time-dependent gravitational and inertial 

forces in the course of the angular hexapod motions. Meanwhile, region RII remained almost 

unaffected in response to the column rolling movements exhibiting almost a constant liquid 

saturation profile (Figure 7-1a). This observation reveals that column tilting motion induces 
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considerable disparities in the spatial liquid saturation distributions, which in turn augment 

the complexity of the packed bed hydrodynamics. Furthermore, examination of the liquid 

saturation for RI under different rolling periods manifested the fact that the oscillation 

amplitudes are a direct function of the motion period (Figure 7-3c). A noticeable reduction 

of the amplitude by decreasing the roll periods can be attributed to additional inertial forces 

triggered by more frequent column acceleration/deceleration episodes tending to disperse the 

accumulated liquid in the lower-wall region. 

 

 

Figure 7-3 (a) Liquid saturation time-series in the wall regions RI and RII of the same bed 

cross-section for 20 s-period rolling bed and 15°-tilted static column along with 15°-

amplitude sine wave for the hexapod roll motion, (b) 2-D WMS images of the bed cross-

sectional area in different angular positions, (c) effect of different periods of roll motion on 

the RI liquid saturation time-series (Ug = 0.190 m/s and Ul = 0.005 m/s) 

 

7.3.2 Overall bed pressure drop 

The two-phase pressure drop as an important hydrodynamic parameter was also recorded 

over time, when exposing the packed bed to various roll periods at constant gas and liquid 

superficial velocities (Figure 7-4). For comparative purposes, the pressure drop measured for 

the static vertical and 15°-inclined packed beds was also depicted. As can be seen from Figure 

7-4, sequentially changing the column angular coordinate, over the [15° – 0°] and [0° – -
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15°] ranges caused significant oscillations in the time-series of the bed overall pressure drop. 

At the approach of the extreme angular positions  = ±15°, the intensity of gas-liquid 

interactions dramatically diminishes due to the emergence of an easy path for the gas phase 

close to the upper wall, thereby leading to pressure drop minima. Conversely, when the bed 

comes across the vertical posture ( = 0°), such gas-liquid disengagement gradually vanishes 

and the pressure drop evolves from minimum towards maximum. The decreasing oscillation 

amplitude and increasing trend in bed pressure drop with decreasing rolling period are worthy 

of notice. Inertial disturbances stemming from the column angular excitations increased the 

pressure drop for the 5 s-rolling bed even higher than that of the static vertical bed. 

Conversely, quieting the rolling motion reinforced a tendency for the pressure drops to slide 

below their vertical column analog in virtue of persisting gravity-driven stratification, which 

tended to progressively outpace the opposing acceleration forces. As the motion period 

increased, the ±15° minima of the oscillating pressure drops neared the static 15°-inclined 

bed pressure drop. 

 

 

Figure 7-4 Time evolution of the bed overall pressure drop for the packed bed under different 

periods of roll motion at Ug = 0.190 m/s and Ul = 0.005 m/s. Pressure drop for static vertical 

and 15°-tilted beds at same conditions are depicted for comparison 
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7.3.3 Low-to-high interaction regime transition 

The shift of the transition points from low to high interaction flow regimes as compelled by 

the column tilting oscillations was also examined. To identify flow regime transitions, a 

statistical analysis of time-series signals is a well-known method.26 In the current work, the 

kurtosis (4th-order moment) was computed from the WMS liquid saturation time-series data 

according to Eq.1. 
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where βk is the time-series of cross-sectionally averaged liquid saturation and N is the number 

of events obtained in the observational time window. The kurtosis assesses flatness or 

peakedness of the signal probability density function in comparison with a normal 

distribution (kurtosis = 3).27 A distinct peak near the mean shows higher kurtosis, whereas a 

flatter top near the mean tends to have lower kurtosis. 

Figure 7-5 illustrates the evolution of the kurtosis as a function of the liquid superficial 

velocity for the rolling bed with two motion periods as well as the limiting cases of static 

vertical and inclined configurations at a constant gas superficial velocity (Ug = 0.158 m/s). 

The kurtosis plots demarcate the leftmost and rightmost regions, respectively, reflecting the 

low and high interaction regimes, whereas the onset of high interaction regime is identified, 

when the kurtosis plots start to inflate as liquid superficial velocity is increased. A 

pronounced shift in the transition point towards higher liquid velocity is recognizable for the 

static inclined bed (dashed line). It mirrors establishment of permanent liquid-rich lowermost 

and gas-rich uppermost regions across the bed contributing to diminish the gas-liquid 
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interactions and delay inception of the high interaction flow regime. Similarly, rolling the 

bed by a 20 s period relocates the transition point towards higher liquid velocity. It is worthy 

of notice that the kurtosis values for the static inclined bed and the 20 s-period rolling are 

comparatively low. In spite of the fact that the bed periodically comes by the limiting 

inclination of  = ±15° during roll, the transition points are relatively closer to the transition 

point of the static vertical bed rather than that of the static 15°-inclined bed. Interestingly, the 

transition point of the 5 s periodic oscillation virtually overlaps with that of the static vertical 

bed. This observation indicates that the time-dependent inertial forces induced by the 

hexapod excitations tend to mitigate the periodic gravity-driven segregation. 

 

 

Figure 7-5 Kurtosis of the probability density functions of the instantaneous spatially-

averaged liquid saturation as a function of liquid superficial velocity and column rolling 

period at constant Ug = 0.158 m/s (also shown for static vertical and 15°-inclined beds) 

 

7.3.4 Pulse flow regime 

From the above results, it is inferred that column tilt and roll can also affect the pulse 

dynamics in the high interaction flow regime. Such influences are straightforwardly captured 
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from observation of representative time-series of the cross-sectionally averaged liquid 

saturation as shown in Figure 7-6 for the rolling bed under two motion periods of 5 s (Figure 

7-6c) and 20 s (Figure 7-6d) as well as for the static vertical (Figure 7-6a) and 15°-inclined 

(Figure 7-6b) beds. Under constant gas and liquid superficial velocities (Ug = 0.158 m/s, Ul 

= 0.008 m/s), while a clear pulsing flow is prevailing in the static vertical bed, tilting the 

column by 15° causes the formation of the segregated/trickle flow regime, whereby the 

intensity of gas-liquid interactions decreases and consequently, those pulses vanish. On the 

other hand, the roll motion imposes an intermittent pulsing flow regime, in which the pulse 

onset is controlled by the motion period (Figure 7-6c,d). This intermittency is equal to one-

half of the roll period corresponding to the vertical posture that the bed experiences during 

the rolling motion. By straightening the bed from  = +15° or (-15°) to  = 0°, the gas-rich 

and liquid-rich regions gradually disappear resulting in an invigoration of the gas-liquid 

interactions and thus, manifestation again of pulses. 

 

 

Figure 7-6 Instantaneous cross-sectionally averaged liquid saturation for (a) static vertical 

bed, (b) static 15°-inclined bed, (c) 5 s rolling bed, and (d) 20 s rolling bed at Ug = 0.158 m/s 

and Ul = 0.008 m/s 
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The effect of column roll motion on the pulse flow regime in the zonal regions was examined, 

too. Figure 7-7a,b illustrate the time-series of the spatially-averaged liquid saturations, 

respectively, for RI and RII regions at the same gas and liquid superficial velocities under 

the 20 s-rolling period. The coexistence of trickling and pulsing flow regimes in the rolling 

bed is evident, respectively, from the smoothed character of the liquid saturation time series 

in the troughs and fluctuations in the crests (Figure 7-7a). Despite the RI region, a nearly 

unique pulse flow regime is observed from the liquid saturation profile of RII region (Figure 

7-7b). 

 

 

 

Figure 7-7 Liquid saturation time-series for the regions (a) RI and (b) RII under the 20s 

rolling motion at Ug = 0.158 m/s and Ul = 0.008 m/s 

 

7.3.5 Potential methods for process intensification 

As far as gas-liquid packed bed reactors are concerned, fluid maldistribution, mass transfer 

limitation and hot spot formation are recurrent problems adversely impacting the quality of 

products. Therefore, process intensification tools have been under intensive investigations in 
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parallel with hydrodynamic studies to further push the efficiency and performance of this 

type of reactors from economic and environmental perspectives. Indeed, the performance of 

offshore floating packed bed reactors also requires to be enhanced by appropriate techniques, 

since the above experiments revealed that ship angular oscillations cause significant fluid 

maldistribution in the packed column. 

 

 

 

 

Figure 7-8 (a) ON-OFF liquid, (b) ON-OFF gas, (c) gas/liquid alternating cyclic operation 

strategies (cyclic frequency = 0.05 Hz; split ratio = tp/(tb + tp) = 0.5; barycentric velocities, 

Ug = 0.158 m/s, Ul = 0.001 m/s; 20 s rolling bed) 

 

For more than two decades, cyclic operation (or flow modulation) has been gaining much 

interest among researchers as a process intensification tool.28 In this context, the 

contributions of Prof. Lange were pioneering for periodic operation of trickle bed reactors.29-
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32 In this operational technique, the flow rate of one fluid phase is periodically switched 

between two levels (base/peak mode) or intermittently interrupted (ON-OFF mode) at the 

reactor inlet, while imposing a continuous flow for the other fluid phase. Gas/liquid 

alternating mode is a special case of cyclic operation, whereby a single-gas flow sequence is 

alternated with a single-liquid flow sequence. Although cyclic operation strategy was initially 

proposed to improve the performance of conventional vertical trickle bed reactors, 

applicability of this method to curb phase maldistribution arising from column inclinations 

and oscillations has been recently evaluated.33 ON-OFF liquid (Figure 7-8a), ON-OFF gas 

(Figure 7-8b), and alternating gas/liquid (Figure 7-8c) cycling modes demonstrated that the 

shock waves arising from the sudden flow rate perturbations are able to convey the 

accumulated liquid in the lower-wall column area and to disperse it across and along the bed, 

thereby, mitigating the gas-liquid disengagement. Notwithstanding that column tilts and 

motions tend to attenuate the travelling liquid wave owing to the gravity-driven segregation, 

wave identity can still be preserved provided appropriate tuning of the cycle time intervals 

and split ratio are imposed.33 

Recently, two new reactor concepts have been introduced for process intensification of 

conventional cocurrent two-phase flow packed bed reactors: (i) inclined rotating reactor [34-

36] and (ii) low-shear rotation of the vertical reactor.37 Härting et al.34-36 showed that the 

superimposed rotation of previously inclined packed beds leads to cyclic wetting / dewetting 

mode of operation at the expense of gas-liquid segregation and emergence of stratified flow 

pattern in the bed (Figure 7-9a). The periodic immersion of catalyst particles into the liquid 

accumulated in the lower wall-region refreshes the catalyst surface and hinders formation of 

hotspots, whereas the drained upper-wall region facilitates access of the gas phase to the 

active sites. Thus, this concept is regarded for process intensification of exothermic gas-

limited heterogeneous catalytic reactions. Such concept is also seen as a powerful method to 

ensure rather steady-state operation of the reactor exposed to offshore conditions. The 

disturbance of the forced segregation at typical conditions of a ship subjected to marine 

swells is expected to be low. Motamed-Dashliborun et al.37, on the other hand, applied low-

shear rotations up to 90 rpm to vertical packed beds in order to generate sufficient transverse 

forces to redistribute distinct flow paths of liquid streams and to achieve spatial homogeneity 

in the crosswise liquid distribution by virtue of a dispersed flow pattern (Figure 7-9b). In 
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addition, for both rotating reactor concepts more flexibility in tuning liquid residence time 

and back-mixing was found via control of column rotational velocity. 

 

 

Figure 7-9 A new operational technique for process intensification through superimposed 

low-shear rotation of embarked packed bed reactors and thereof the appearance of (a) 

stratified flow or (b) dispersed flow patterns in (c) oscillating column 

 

The introduction of such low-shear rotational operation to offshore floating packed bed 

reactors might also be an effective measure to increase the packing utilization and to enhance 

the process performance, in particular during roll motions (Figure 7-9c), whereby column 

periodically comes across inclined positions and elicits gas-liquid segregation as seen in 

Figure 7-3. It is speculated that depending on the type of motion experienced by the column 

due to sea swells, either tilting or non-tilting oscillations, the packing can be effectively 

utilized through adjusting an appropriate column rotational velocity similar to the 

abovementioned rotating reactor concepts. However, a detailed experimental investigation is 

of significance to put this potential artifice into practice for process intensification in offshore 

packed bed reactors. 
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 7.4 Conclusion 

The present study investigated the hydrodynamic behavior of moving packed beds with gas-

liquid cocurrent downflow mode of operation. Rolling packed bed reactor was selected as a 

configuration falling in the context of floating industrial applications. The laboratory-scale 

packed column was subjected to roll motion by employing a hexapod ship motion simulator. 

To thoroughly scrutinize online and locally the two-phase flow dynamic characteristics 

during hexapod movements, a capacitance wire-mesh sensor was positioned on the embarked 

packed bed. The experimental findings showed that bed deviation from the upright posture 

induces significant gas-liquid segregation. The roll motion led to periodic disparities in the 

spatial liquid saturation distributions and oscillations of the bed overall pressure drop. A shift 

in the transition point towards higher liquid velocities was recognized for the static 15°-

inclined bed as well as for the 20 s-rolling bed due to the development of liquid-rich 

lowermost and gas-rich uppermost regions across the bed contributing to a reduction of the 

gas-liquid interactions and to a delayed inception of the pulse flow regime. Furthermore, at 

identical gas and liquid superficial velocities, for which the static vertical bed entirely 

operated in pulsing flow, the rolling beds were submitted to a periodic pulse flow regime. 

This periodicity is tantamount to one-half of the motion period corresponding to the vertical 

position that the bed experienced during the rolling motion. Finally, low-shear rotation of the 

reactor and modulation of liquid and/or gas flow at the reactor inlet were proposed as 

potential methods for process intensification in floating production units, where multiphase 

packed bed reactors are used. 

Nomenclature 

N time-series length 

T Time (s) 

U superficial velocity (m/s) 

Greek Letters  
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 angular position (°) 

Β spatially averaged liquid saturation 

  time-averaged liquid saturation 

Σ standard deviation of the temporal liquid saturation  

Subscripts  

b base 

g gas 

k time interval index 

l liquid 

p peak 
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Chapter 8: Hydrodynamics of Inclined Packed Beds under 

Flow Modulation ̶ CFD Simulation and Experimental 

Validation* 

 

                                                 
* Motamed Dashliborun, A., Hamidipour, M., Larachi, F., 2017. AIChE J., 63(9), 4161-4176. 
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Résumé 

Un modèle CFD multi-fluide Eulérien tridimensionnel instationnaire a été développé pour 

simuler le comportement hydrodynamique de lits fixes à écoulement descendant gaz-liquide 

inclinés sous opérations cycliques liquide ON-OFF, gaz ON-OFF et alternées gaz/liquide. La 

validation des résultats de la simulation CFD a été effectuée avec des données expérimentales 

fournies par l'imagerie par tomographie à capacitance électrique. L'incorporation dans le 

modèle CFD multi-fluide Eulérien de la pression capillaire et de la force de dispersion 

mécanique était essentielle pour capturer avec fidélité les hétérogénéités spatiales transitoires 

apparaissant dans les lits fixes sous différentes stratégies de modulation cyclique. Le modèle 

CFD appliqué a permis de prédire de manière satisfaisante les valeurs de la rétention de 

liquide et de la perte de charge ainsi que les caractéristiques morphologiques des pulsations 

imposées par l’alimentation cyclique à l'intérieur du lit des fluides. 
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Abstract 

A three-dimensional unsteady-state Eulerian multi-fluid CFD model was developed to 

simulate the hydrodynamic behavior of inclined gas-liquid cocurrent downflow packed beds 

under ON-OFF liquid, ON-OFF gas, and gas/liquid alternating cyclic operations. Validation 

of the CFD simulation results was performed with experimental data provided by electrical 

capacitance tomography imaging. Incorporation in the Eulerian multi-fluid CFD model of 

capillary pressure and mechanical dispersion force was essential to accurately capture the 

transient spatial heterogeneities arising in tilted packed beds under different cyclic 

modulation strategies. The applied CFD model was able to satisfactorily predict the values 

of liquid holdup and pressure drop as well as the morphological characteristics of the 

traveling waves inside the bed for the examined flow modulations. 
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8.1 Introduction 

Application of two-phase flow packed beds is increasingly contemplated by the offshore oil 

industry for onboard treatment and refining operations of hydrocarbons extracted from 

undersea reservoirs.1,2 Trickle bed reactors belong to the family of packed beds in which gas 

and liquid flow in cocurrent downflow mode with the liquid phase trickling over randomly 

filled catalyst particles. Hydroprocessing of crude oil and Fischer-Tropsch synthesis are 

amongst the processes commonly accomplished in trickle-bed reactors. Packed beds in such 

peculiar context are embarked on floating platforms such as floating production, storage and 

offloading (FPSO) and floating liquefied natural gas (FLNG), where a number of processing 

units consisting of extraction, production, and storage operations are combined on the same 

floating platform.3,4 Often these systems’ mobility also allow an economic viability and 

monetization of small and remote hydrocarbon sources by virtue of onboard processes 

running in the vicinity of the extraction site.5,6 Ship motions and inclinations stemming from 

wind and marine swells, however, inevitably influence the performance of floating packed 

bed reactors onboard marine units. 

Recent experimental researches on the hydrodynamics of stationary inclined packed beds, 

viewed as limiting column postures on ships, revealed that column deviations from verticality 

impact negatively the flow regime for all gas-liquid contacting modes, i.e., cocurrent 

downward, upward, and countercurrent alike.7-9 For gas-liquid descending flows, Schubert 

et al.7 observed a worsening of phase distribution accompanied with reductions of two-phase 

pressure drop and catalyst coverage area by the liquid as a consequence of inclining the bed. 

Examination of the hydrodynamics of gas-liquid cocurrent upflow packed beds showed that 

vessel deviation from upright position prompted remarkable gas-liquid disengagement 

accompanied with a decrease in the overall pressure drop and an increase of the average 

liquid saturation.8 Wongkia et al.9 scrutinized the effect of bed tilt on the hydrodynamic 

behavior of packed beds under gas-liquid countercurrent mode of operation. A noticeable 

liquid accumulation in the column lowermost area led to a reduction of the bed pressure drop 

and a shift of the flooding limit towards higher throughputs as a result of tilting the column. 

Besides, Assima et al.10 and Motamed-Dashliborun and Larachi11 experimentally studied the 

hydrodynamics of gas-liquid cocurrent downflow packed beds under column obliquity and 



 

233 

 

oscillation by means of a hexapod ship motion simulator and a capacitance wire mesh sensor 

(WMS). The cross-sectional liquid distributions obtained from WMS measurements 

corroborated the fact that ship tilting motions as well as permanent tilts appreciably influence 

the flow pattern inside the packed bed leading inescapably to a deterioration of the fluid 

distribution, more back-mixing with departure from liquid plug-flow, and a shift of regime 

transition from tickle to pulse flows towards higher fluid velocities. 

Applicability of cyclic operation, i.e., flow rate modulation, to curb phase maldistribution 

arising from column inclinations was recently examined by Motamed-Dashliborun et al.12 In 

this operational method, a continuous flow of one phase encounters the other phase at the 

bed entrance which is periodically switched between two levels of flow rate (base/peak 

mode) or intermittently interrupted (ON/OFF mode). Gas/liquid alternating mode is a special 

case of cyclic operation whereby a single-gas flow sequence is alternated with a single-liquid 

flow sequence. Implementation of cyclic operation strategy in inclined gas-liquid cocurrent 

downflow packed beds was demonstrated to attenuate fluid maldistribution in tilted porous 

media when the shock waves arising from the sudden flow rate perturbations convey the 

accumulated liquid in the lower-wall column areas and disperse it across and along the bed.12 

It is noteworthy to mention that although column obliquity tends to attenuate the travelling 

liquid wave at the expense of the gravity-driven stratification, wave identity can still be 

preserved provided appropriate tuning of the cycle time intervals and split ratio are 

imposed.12 These experimental findings thus highlight the fact that cyclic operation can be 

regarded as a potential method for process intensification in offshore floating packed bed 

reactors extending it beyond the realm of conventional trickle beds where cyclic operation 

has been successfully applied to enhance mass transfer, improve phase distribution, reduce 

fines deposition, or control foam formation, to name just a few examples.13-15 

Several researchers successfully applied the Eulerian multi-fluid CFD model along with 

well-established interphase interaction forces as closure laws to predict bed overall pressure 

drop and liquid holdup in conventional vertical gas-liquid cocurrent downflow packed beds 

(i.e., trickle bed reactors) under steady-state (i.e., iso-flow)16-25 and unsteady-state cyclic 

operation.17,26 Hamidipour et al.17 were able to precisely capture the transient hydrodynamic 

behaviors of trickle bed reactors under gas, liquid, and gas/liquid alternating cyclic operations 
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using an unsteady multi-fluid Euler framework combined with the closure laws developed 

by Attou et al.27 for fluid-solid drag forces and fluid-fluid interaction force. The implemented 

model predicted accurately the morphological characteristics of a liquid wave excited by 

different cyclic strategies as well as the values and variations of bed overall pressure drop. 

The relative permeability model within a two-phase Eulerian CFD framework was unable to 

provide a quantitative description of hydrodynamic behaviors for inclined configuration of 

trickle beds, though it satisfactorily predicted their trends.28 This lack of adequacy has been 

ascribed to the segregated flow regime taking place in inclined packed beds whereby gas-

liquid-solid interactions become more complex and distinctly different from those prevailing 

in conventional vertical beds. Atta et al.28 concluded that more appropriate closure laws ought 

to be formulated for incorporation in the Eulerian CFD model of inclined packed beds in 

order to capture the physics underlined by phase stratification and ensuing local fluid 

distributions. 

Recently, some researchers came to the conclusion that inclusion of capillary pressure force 

and mechanical dispersion force in the traditional Eulerian multi-fluid CFD approach (i.e., 

consisting of only interphase momentum exchange terms) is necessary to predict the spatial 

liquid spreading inside vertical packed beds.18,29-32 Boyer at al.29 and, most recently, Jindal 

and Buwa32 incorporated the capillary pressure force in the traditional Eulerian multi-fluid 

model and investigated liquid spreading from a single point source in a vertical trickle bed. 

The simulation results divulged a significant role of the capillary pressure term in 

determining the local liquid spreading. A modification to the capillary pressure correlation 

developed by Attou and Ferschneider33 was suggested by the authors to further validate their 

predictions. The mechanical dispersion forces together with the capillary pressure force were 

taken into account as the closure laws in the Eulerian multi-fluid model to simulate the liquid 

spreading and maldistribution in the vertical trickle bed reactor as well.16,18,30,34 Lappalainen 

et al.30 showed that as long as the liquid phase flows through packed beds, both the capillary 

and mechanical dispersion mechanisms consistently exist; however, their relative 

significance is determined by the properties of the porous medium. The decreasing particle 

size causes an increase in the capillary pressure force and a decrease in the mechanical 

dispersion forces. The recent work of Solomenko et al.34 examined exhaustively the effects 
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of bed characteristics and operating flow rates of gas and liquid on the extent of liquid 

spreading and liquid flow patterns inside trickle beds using 2-D and 3-D Eulerian multi-fluid 

models coupled with interphase momentum exchange terms as well as capillary pressure and 

mechanical dispersion terms. Analysis of the radial components of capillary and mechanical 

dispersion forces confirmed the observations of Lappalainen et al.30 regarding the 

relationship between particle size and dispersion forces. 

The hydrodynamics of gas-liquid cocurrent downflow packed beds under column obliquity 

and unsteady cyclic operation, on the one hand, and the importance of a validated CFD-based 

model for understanding their specificities for reliable design and scale-up, on the other hand, 

have inspired the present experimental, modeling and simulation study. This contribution 

aims to examine applicability of the traditional Eulerian multi-fluid CFD approach along 

with capillary pressure force and mechanical dispersion forces to capture the transient 

dynamics of inclined gas-liquid cocurrent downflow packed beds under various cyclic 

operation strategies. A non-invasive electrical capacitance tomography (ECT) technique is 

used to experimentally track the liquid waves propagating along a column packed with 

spherical glass beads and to validate the simulation results obtained with the CFD model. 

The effect of column inclination angle on hydrodynamic parameters such as bed overall 

pressure drop, liquid holdup, gas-liquid distribution, and fluid velocities is also thoroughly 

investigated. 

8.2 Experimental 

Hydrodynamic experiments were carried out at room temperature and atmospheric pressure 

in an inclined gas-liquid cocurrent downflow packed bed (Figure 8-1). Air and kerosene were 

used as the gas and liquid phases, respectively. A transparent Plexiglas column (internal 

diameter of 57 mm) was positioned on a rotatable frame and packed with 3 mm glass beads 

up to a height of 1500 mm. A variety of tilt angles ranging from 0-20° have been reported 

for FLNG/FPSO in the literature.12 An important point should be indicated here is that 

depending on the position of embarked columns on the deck of FPSO, the column inclination 

angle may be different from the FPSO tilt angle. Therefore, in the present work we positioned 

the packed column at angles ranging from vertical (0°) to 15°, which can be commonly 
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experienced by a floating packed bed in different marine environments.12 The packing was 

retained by means of a stainless steel screen located at the bottom of the column. Table 8-1 

summarizes the packed bed specifications and fluid properties. To ensure evenly distributed 

fluids at the bed inlet, a gas-liquid distributor consisting of a spray nozzle for the liquid feed 

and several needle orifices for the gas supply was used. The oscillating overall bed pressure 

drop was recorded at a frequency of 1 Hz by a differential pressure transmitter. All the 

experiments were conducted under pre-wetted bed conditions at superficial velocities of gas 

and liquid coinciding with the trickle flow regime. 

 

 

Figure 8-1 Schematic diagram of the experimental setup for static vertical and inclined 

packed bed/ECT (left); photography setup (right) 

 

ON-OFF liquid cyclic operation was imposed by means of a peristaltic computer-automated 

pump to adjust the ON and OFF time intervals and velocities. A computer-controlled ON-

OFF valve was installed on the gas line to tune the base and peak times for the gas modulation 

while the gas flow rate set for the ON segment was set prior to the experiment. The gas/liquid 

alternating cyclic operation was carried out through synchronizing the ON-OFF valve and 

the pump to feed either gas or liquid flow to the bed for prescribed time intervals. The 
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barycentric velocity referred to in subsequent sections is defined as U = (tp × Up + tb × Ub)/(tb 

+ tp), where U, t, and indices b and p, are self-explaining. 

Table 8-1 Details of experimental conditions 

Parameter Value 

Column internal diameter (m) 0.057 

Packed bed height (m) 1.50 

Average bed porosity (-) 0.395 

Spherical glass beads size (m) 0.003 

Inclination angle (°) 0-15 

Liquid holdup measurement heights (m) 0.15, 0.70, 1.25 

Gas phase density (kg/m3) 

Liquid phase density (kg/m3) 

Liquid viscosity (mPa.s) 

1.2 

792 

2.2 

Liquid surface tension (mN/m) 25.3 

 

The instantaneous liquid saturations were measured using an ECT scanner consisting of a 

twin-plane 12-electrode-per-plane sensor (PTL300E with a DAM200E data acquisition 

system from Process Tomography Ltd). The ECT sensor is appropriate for imaging liquid 

saturation distributions of low-permittivity and electrically non-conductive organic liquids 

such as kerosene. The measured capacitance maps were converted to normalized permittivity 

per-pixel distributions (32 × 32 pixels per image) through a Tikhonov reconstruction 

algorithm discussed elsewhere.35,36 The ECT sensor was calibrated between the lowest (fully 

drained) and highest (fully flooded) permittivity limits to generate per-pixel dynamic liquid 

saturations from the corresponding normalized mixture permittivity data.36 The limiting 

cases of drained and flooded beds were assigned to bed states of 0 % (low reference) and 100 

% (high reference) liquid saturation, respectively. The sleeve-mounted ECT sensor can slide 

along the outer diameter of the column facilitating tracking of the traveling liquid waves at 

different axial positions. Hence, online cross-sectional tomographic images (50 Hz) of liquid 

saturation distribution were obtained at three different bed heights (15, 70, and 125 cm; with 

respect to the bed top as zero reference point) and post-processed to reconstruct the transient 

liquid holdup values. To avoid any experimental bias, the calibration procedure was repeated 

at every measurement plane. For additional details on the application of ECT technique, data 
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processing, and validation in the vertical and inclined packed beds, our group’s previous 

studies can be consulted.7,12,17,35-37 

8.3 Eulerian CFD Model 

A 3D unsteady-state Eulerian multi-fluid CFD model was used to simulate the 

hydrodynamics of inclined gas-liquid cocurrent downflow packed beds under cyclic 

operation. The Eulerian approach treated gas, liquid and solid phases as mutually interacting 

interpenetrating continua. Table 8-2 summarizes the governing equations of the CFD model. 

The model implemented is purely hydrodynamic, i.e., chemical reaction-free, and consists of 

the volume-averaged forms of mass and momentum balance equations for each phase (Table 

8-2, Eqs. 1-5). Each flowing fluid was assumed to be Newtonian, isothermal, and 

incompressible, with no phase change. As the solid phase remains immobile its velocity 

components were fixed at the zero in all interior cell zones. Closure laws for fluid-solid and 

gas-liquid interactions as well as fluid dispersion mechanisms were taken into account in 

order to emulate the gas-liquid flow in porous media in a macroscopic sense. 

Table 8-2 Equations of Eulerian CFD model 

Continuity equation 
    0q q q q qv

t
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Liquid-solid drag 
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Mechanical dispersion 

force in liquid 
, , , , ,( )D mech l ls D l gl D l D gF K v K v v    (15) 

Mechanical dispersion 

force in gas 
, , , , ,( )D mech g gs D g gl D g D lF K v K v v    (16) 

Drift velocity 
, ( ( . ) )m k

D k k k k k

k k

S v
v v v

v
 


       (k = l, g) 

(17) 

Spread factor 0.015m pS d  (18) 

 

8.3.1 Closure laws 

The interphase interaction forces developed by Attou et al.27 were added to the liquid- and 

gas-phase momentum balance equations as drag forces (Table 8-2, Eqs. 6-11). In these 

equations, the traditional parameter values of 180 and 1.8 were set for the Ergun constants, 
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E1 and E2, respectively.38 The capillary pressure and the mechanical dispersion as two distinct 

mechanisms leading to momentum dispersion in the porous medium were incorporated in the 

model as well.30,34 The former is to account for the pressure jump at the gas-liquid interface 

due to capillarity.31,34 Since the Eulerian multi-fluid approach uses a unique pressure that 

equals gas pressure, the gradient of capillary pressure known as capillary dispersion should 

be applied to the liquid phase.32,34 In this study, the capillary pressure correlation proposed 

by Attou and Ferschneider33 was implemented (Table 8-2, Eqs. 12-13). The gradient of this 

expression, Eq. 14, was added to the liquid phase momentum balance equation as a dispersion 

force term to incorporate the capillary pressure in the Eulerian CFD model. While the 

difference of pressure across the fluid interface causes capillary dispersion, mechanical 

dispersion manifests when spatial fluctuations of the pore-scale fluid velocity cause 

deviations from the macroscopic volume-average velocity. To take this into account for both 

liquid and gas phases, the model developed by Lappalainen et al.30 and Fourati et al.31 was 

used (Table 8-2, Eqs. 15-16), where the momentum exchange coefficients (i.e., Kgl, Kgs, and 

Kls) are shown as Eqs. 7-11. Drift velocity (
,D kv ) for the liquid and gas phases as well as 

spread factor, Sm,39 are expressed by Eqs. 17,18, respectively. The reader is directed to the 

following references for detailed information about the capillary and mechanical dispersion 

force and their theoretical foundation.30,31 

8.3.2 Numerical solution strategy 

Three-dimensional simulations of cyclic operations in inclined packed beds were performed 

with ANSYS® FLUENT 15.0 CFD software using the pressure-based unsteady state solver. 

User-defined functions (UDF) for the described closure laws were developed by 

programming in “C language” and then compiled in ANSYS® FLUENT to extend the basic 

multiphase Eulerian formalism available within the software. Semi-Implicit for Pressure 

Linked Equations (SIMPLE) method was chosen for the pressure-velocity coupling. Spatial 

discretization of the momentum and the phase fractions was made through the second-order 

upwind scheme and the Quadratic Upstream Interpolation for Convective Kinematics 

(QUICK) scheme, respectively. The maximum iteration number of 100 was found sufficient 

for each time step so that all convergence tolerances fell below 10-3. The velocity-inlet 
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boundary condition was specified for both the gas and liquid flows at the bed entrance where 

a uniform gas-liquid distribution was assumed provided by the distributor, whereas an 

outflow boundary condition was used at the bed exit. The non-slip boundary condition was 

defined for the bed walls. For different cyclic operation strategies, the velocity profiles of 

gas and/liquid as a function of time were programmed in “C language” and then implemented 

in ANSYS® FLUENT through user-defined functions. Figure 8-2 illustrates the typical mesh 

structure used for the simulations in this work. In order to check that the computed results 

are independent of grid resolution, different mesh refinements were used. A cell number of 

12,400 on the domain with the minimum and maximum cell volume of, respectively, ca. 

2.015e-07 and 4.83e-07 m3 were found as optimal mesh data ensuring compromise between 

accuracy and computational time. Since the ratio of column diameter to particle diameter was 

large enough (D/dp = 19) to ignore the radial void variations,17,26 a uniform bed void-fraction 

distribution was assumed for all the simulations. Moreover, the computational domain was 

initialized with an arbitrary greater than zero liquid holdup value to promote the solution 

convergence and to reduce the calculation time as suggested by Hamidipour et al.17 Since the 

cross-sectionally averaged liquid holdup is commonly used to compare the model predictions 

with the experimental data, a spatial averaging process was performed after each solution 

time step based on the area-weighted averaging method available within ANSYS® FLUENT. 

8.4 Results and Discussion 

8.4.1 Traditional multiple Euler model 

Modeling efforts were started with examination of the ability of traditional Eulerian multi-

fluid model to track propagation of liquid waves in inclined packed beds. Therefore, only the 

closure laws for the interphase interaction forces were retained in the momentum 

conservation equations whereas the capillary and mechanical dispersion terms were 

neglected. 
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Figure 8-2 Typical mesh structure in 3D computational domain 

 

Figure 8-3 compares the liquid holdup waves from simulation with the experimental data for 

the vertical bed (i.e., 0° inclination) and the 15°-inclined bed both under ON-OFF liquid 

cyclic operation (25 s OFF-25 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s, H = 0.15 and 0.70 m). 

Despite a slight over-prediction, the simulation results showed that the traditional Eulerian 

multi-fluid model was able to capture the dynamic pattern of the measured liquid holdup in 

the case of vertical packed bed (Figure 8-3a1,a2). In line with these results, applicability of 

the implemented CFD model for the prediction of hydrodynamic behavior of packed beds 

operating under steady and unsteady state conditions has been demonstrated in some previous 

studies.17,22,24,25 On the other hand, Figure 8-3b revealed an erratic behavior in the model 

results of the liquid holdup waves for the 15°-inclined bed. This pattern was more 

pronounced at H = 70 cm (Figure 8-3b2). 
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Figure 8-3 Simulation results of the traditional CFD model and comparison with 

experimental data for (a1,a2) 0° and (b1,b2) 15° inclined packed beds at two bed heights. 

Liquid cyclic operation: 25 s OFF-25 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s 

 

Several simulation attempts were carried out to discover the source of this numerical 

instability. The impact of grid resolution, numerical scheme selection, and boundary 

conditions on model results was examined. Some examples of the efforts to resolve the 

observed numerical issues are illustrated here. The sensitivity of model to grid resolution 

(31,000 number of cells vs. 12,400 number of original cells) and boundary condition 

(pressure-outlet vs. outflow) are depicted in Figures 8-4a,b, respectively. As all the numerical 

attempts were unsuccessful to overcome the model instabilities, it was concluded that the 

traditional Eulerian multi-fluid model, in which only fluid-solid and fluid-fluid interactions 

were taken into account, is incapable of tracking the transient dynamics of the inclined 

packed beds. The main reason behind this failure was ascribed to the lack of attainment of 

fully developed unidirectional flows due to the establishment of gas-liquid segregated flow 

pattern in the inclined bed. Under a segregated flow regime, the loss of temporal stability of 

the multi-fluid closures makes it infeasible to capture the rising and falling characteristics of 

a wave inside the bed. 
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Figure 8-4 Examples of some efforts to resolve numerical issues in the simulation of an 

unsteady-state operating packed bed with 15° inclination angle, (a) pressure-outlet boundary 

condition (b) refined mesh number with 31000 elements. Liquid cyclic operation: 25 s OFF-

25 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s 

 

8.4.2 Incorporation of capillary and mechanical dispersions 

The study of liquid spreading in a trickle bed reactor by Solomenko et al.34 unveiled the fact 

that capillary pressure and mechanical dispersion forces become important as the magnitude 

of fluid volume fraction gradient increases, particularly, in the lateral direction. This direct 

relationship between the dispersion forces and the gradient of fluid volume fraction is 

discerned from Eqs. 14-17. 

The development of gas-liquid segregated flow pattern as a result of the column inclination 

indeed influences the liquid holdup gradient in the bed. To quantify the impact of column tilt 

angle, the magnitudes of x-, y-, and z-components of the liquid holdup gradient were 

analyzed through CFD simulations for different bed heights under iso-flow operation (Ug = 

15.3 cm/s, Ul = 1 mm/s). Figure 8-5a illustrates that bed deviations from the vertical position 

(0°) considerably influences the liquid holdup gradient in the x-direction, i.e., the direction 

of column inclination. As the column was tilted, the gravity-driven force preferentially pulled 

liquid towards the lower wall forcing the gas to move upwards close to the upper wall causing 

the formation of gas-rich and liquid-rich regions, respectively, near the upper and lower wall 

areas. The appreciable rise of liquid holdup gradient in the inclination direction thus can be 

attributed to such stratified flow pattern in the slanted bed. It is perceivable that the higher 

the column tilt angle, the more the liquid holdup gradient tends to inflate in the lateral 
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direction as evidenced from the higher values of liquid holdup gradient for the 15°-inclined 

bed with respect to those corresponding to the 5°-inclined bed. Further, a lower liquid holdup 

gradient at H = 15 cm (Figure 8-5a1) as compared to those at bed heights H = 70 (Figure 8-

5a2) and 125 cm (Figure 8-5a3) was likely the result of a persistent memory of a uniform 

gas-liquid distribution at the bed entrance. The profile of liquid holdup gradient in the y-, and 

z-directions, on the other hand, remained practically indifferent to the bed inclination with 

marginal absolute values (Figures 8-5b,c). 

 

 

 

 

Figure 8-5 Radial profiles of liquid holdup gradient in (a1-3) x axis, (b1-3) y axis, and (c1-

3) z axis at different bed heights for 0°, 5°, and 15° column inclinations. Isoflow operation, 

Ug = 15.3 cm/s, Ul = 1 mm/s 

 

The results revealed that the magnitude of liquid holdup gradient was only significant in the 

direction of column tilt, here the x-direction. Therefore, only the x-components of capillary 

and mechanical dispersion terms were found to be significant. Figure 8-6 depicts the lateral 
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profile of the x-component of the capillary and mechanical dispersion forces for 0°, 5°, and 

15° column tilts at different bed heights under iso-flow operation as calculated from Eqs. 14-

17 (Ug = 15.3 cm/s, Ul = 1 mm/s). Expectably, the capillary and mechanical dispersion forces 

increased with incrementing the column tilt angle regardless of the bed height. Nevertheless, 

close to the bed entrance (i.e., 15 cm), the resultant dispersion forces were lower than those 

occurring downstream (i.e., 70 cm and 125 cm) similar to the corresponding liquid holdup 

gradients (Figure 8-5a1-a3). Although the two dispersion forces were comparable at low 

inclination angle (i.e., 5°), it is interesting to note that at high inclination angle of ϴ = 15°, 

the capillary dispersion force gained significantly larger values. 

 

 

 

 

Figure 8-6 Evolution of radial component of (a1-3) capillary and (b1-3) mechanical 

dispersion forces at different bed heights for 0°, 5°, and 15° column inclinations under 

isoflow operation, Ug = 15.3 cm/s, Ul = 1 mm/s 
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Both capillary and mechanical dispersion forces became significant as the bed deviated from 

vertical position. Thus, these dispersion terms must be included in the modeling and 

simulation of cocurrent gas-liquid flows in slanted porous media. 

 

 

 

 

Figure 8-7 Effect of dispersion terms inclusion on solution convergence in (a1-3) 0°, (b1-3) 

5°, and (c1-3) 15° inclined packed beds. Liquid cyclic operation: 5 s OFF-5 s ON, Ug = 15.3 

cm/s, Ul = 0-2 mm/s 

 

Figure 8-7 compares the simulation results of the Eulerian multi-fluid model with inclusion 

in the momentum equations of the dispersion force terms (continuous line) and without these 

terms (dotted line) for 0°-, 5°-, and 15°-inclined packed beds under liquid cyclic operation (5 

s OFF-5 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s). In addition to the liquid holdup, the transient 

variation of pressure drop was monitored for the vertical and slanted beds (Figures 8-

7a3,b3,c3). Contrary to the conventional vertical trickle bed (0°) where no difference was 
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observed through application of both modeling approaches (i.e., with and without the 

dispersion terms), a serious lack of temporal stability in the calculated liquid holdup and 

pressure drop for inclined packed beds was recognized without incorporation of the 

dispersion terms in the computational model, dotted lines in Figure 8-7b,c. Besides, the 

traditional Eulerian model calculated values of these hydrodynamic parameters noticeably 

lower than those computed by an Eulerian model in which the dispersion force terms were 

included. The observations made earlier stress out the fact that as far as unsteady-state 

simulations of cocurrent gas-liquid downflow in inclined packed beds are concerned, 

inclusion of the capillary pressure and mechanical dispersion forces in the Eulerian multi-

fluid CFD model is necessary. Hence, in all the subsequent simulations, the dispersion force 

terms were considered in the CFD model. 

8.4.3 Experimental validation of the model 

Validation of the established CFD model was performed with experimental data obtained 

from the laboratory-scale setup described previously. Accuracy of the model prediction was 

evaluated in terms of liquid holdup and pressure drop values as well as of the morphology of 

the excited waves along the bed. Before performing the cyclic operation simulations, liquid 

holdups and pressure drops were computed for steady-state iso-flow operation when the bed 

was positioned at different tilt angles. The comparison between the simulation results and 

experimental data revealed a maximum error of about 11% for both parameters (Table 8-3). 

Moreover, the CFD results aligned with the trend of experimental values, in which both liquid 

holdup and overall bed pressure drop decreased with increasing column inclination angle. 

 

Table 8-3 Comparison between experimental data and simulation results under iso-flow 

mode of operation (Ug = 15.3 cm/s, Ul = 1 mm/s) 

θ (°) Hbed (m) (ɛl)Exp (ɛl)Sim Error (%) 
(ΔP/H)Exp 

(kPa/m) 

(ΔP/H)Sim 

(kPa/m) 
Error (%) 

0 

0.15 0.133 0.144 -8.03 

4.93 4.53 8.13 0.70 0.131 0.144 -10.05 

1.25 0.132 0.144 -8.88 
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5 

0.15 0.128 0.142 -10.90 

4.76 4.33 9.11 0.70 0.128 0.140 -9.63 

1.25 0.127 0.140 -9.93 

10 

0.15 0.125 0.137 -9.69 

4.22 3.88 8.12 0.70 0.123 0.134 -9.12 

1.25 0.121 0.133 -9.56 

15 

0.15 0.123 0.135 -9.62 

3.78 3.41 9.51 0.70 0.112 0.124 -10.42 

1.25 0.112 0.124 -10.76 

 

Figures 8-8a1-a3 illustrate the liquid holdup waves obtained from simulation versus 

experimental measurements for inclined packed beds under liquid cyclic operation (5 s OFF-

5 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s; H = 15 cm; ϴ = 5°, 10°, 15°). The time series of 

overall pressure drop for the same operating conditions is also shown in Figures 8-8c1-c3. 

For all bed inclinations, the model was able to successfully predict the dynamics of measured 

liquid holdup and pressure drop time profiles, though the former was slightly over-predicted 

and the latter was slightly under-predicted (ca. 12% error). Ability of the model to precisely 

capture the morphology of the liquid waves (front, plateau, and tail) is of particular interest 

and should be assessed along with liquid holdup and pressure drop in the study of cyclic 

operation of packed bed reactors. As a first attempt to scrutinize the wave morphology, the 

liquid holdup values from simulation and experiments were normalized with respect to their 

min/max values as follows:17 

,min

,

,max ,min

l l

l normalized

l l

 


 





 (19) 

Although examination of the normalized liquid holdups in Figures 8-8b1-b3 divulges the 

capability of the CFD model to capture the liquid wave oscillations regardless of the column 

inclination angle, normalization of the liquid holdup values hides the characteristics of wave 

morphology. Therefore, in order to facilitate analysis of the wave morphology for the 

subsequent comparisons, the difference between computed and experimental liquid holdups 
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was subtracted from the simulation results. The model predictions were reasonably close to 

the experimental data for the iso-flow and fast mode liquid cyclic operation. The aptitude of 

the model for describing the hydrodynamic behavior of inclined packed beds under different 

cyclic operation strategies was also investigated. 

 

 

 

 

Figure 8-8 Comparison of CFD results with experimental data for 5°, 10°, and 15° inclined 

packed beds, (a1-3) liquid holdup, (b1-3) normalized liquid holdup, (c1-3) overall pressure 

drop. Liquid cyclic operation: 5 s OFF-5 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s; H = 15 cm 

 

Figure 8-9 depicts the model results with respect to the experimental data in terms of 

corrected liquid holdup and pressure drop under slow mode liquid cyclic operation (25 s 

OFF-25 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s; ϴ = 5°, 10°, 15°). For the sake of brevity, the 

results of liquid holdup are only illustrated at one bed height for the selected tilt angle. The 

liquid wave morphology, namely front, plateau, and tail as well as the amplitude and variation 
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of the overall pressure drop for all the inclined beds were fairly well described through the 

CFD model. 

 

 

 

 

Figure 8-9 Comparison of CFD results with experimental data in terms of liquid wave 

morphology and pressure drop, (a1,2) 5°, (b1,2) 10°, (c1,2) 15° inclined packed beds. Liquid 

cyclic operation: 25 s OFF-25 s ON, Ug = 15.3 cm/s, Ul = 0-2 mm/s 

 

Next, the capability of the model under gas cyclic operation (10 s OFF-10 s ON, Ug = 0-12.2 

cm/s, Ul = 1 mm/s) was studied. Time evolution of corrected simulated liquid holdup and 

pressure drop versus experiments is shown in Figure 8-10. Both predicted parameters are in 

fair agreement with the experimental results for all tested bed tilts. Attenuation of liquid 

waves and overshoot of the pressure drop were successfully captured by the CFD model. 

Such leap was ascribed to resumption of the gas flow during gas ON portion whereby the 

gas-liquid interaction is enhanced and the excess liquid is forced out of the bed.12,35 
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Figure 8-10 Comparison of CFD results with experimental data in terms of liquid wave 

morphology and pressure drop, (a1,2) 5°, (b1,2) 10°, (c1,2) 15° inclined packed beds. Gas 

cyclic operation: 10 s OFF-10 s ON, Ug = 0-12.2 cm/s, Ul = 1 mm/s 

 

Figures 8-11a1-c1demonstrate that the morphology of liquid waves generated by gas/liquid 

alternating cyclic operation (5 s liquid-5 s gas, Ug = 0-12.2 cm/s, Ul = 2-0 mm/s) was also 

captured by the CFD model. This cyclic strategy is in fact a combination of liquid and gas 

cyclic operations. The abrupt rise of pressure drop, akin to ON-OFF gas cyclic modulation, 

occurred at gas-ON portion when gas phase encountered flow resistance resulting from high 

liquid holdup accumulated during the gas-OFF portion (Figures 8-11a2-c2). It is worthy of 

notice that the amplitude of pressure drop variations shrank with increasing column tilt angle. 

Phase interactions diminished as a consequence of progressive development of a segregated 

flow regime in the inclined bed. These behaviors were satisfactorily predicted through the 

model. 
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Figure 8-11 Comparison of CFD results with experimental data in terms of liquid wave 

morphology and pressure drop, (a1,2) 5°, (b1,2) 10°, (c1,2) 15° inclined packed beds. 

Gas/liquid alternating cyclic operation: 5 s liquid-5 s gas, Ug = 0-12.2 cm/s, Ul = 2-0 mm/s 

 

The established CFD model demonstrated its ability to track the transient dynamics of 

inclined packed beds under different cyclic operation strategies. In the following sections, 

further simulations will be carried out to gain more insights about the effect of column 

inclination on hydrodynamic parameters such as drag force, velocity profiles, and fluid 

distribution. 

8.4.4 Effect of column tilt angle on drag and dispersion forces 

Beside the capillary and mechanical dispersions discussed above, the interphase interaction 

forces consisting of gas-liquid, gas-solid, and liquid-solid drag forces play a significant role 

in describing the hydrodynamics of cocurrent gas-liquid flow through a packed bed reactor.17 
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Therefore, it is important to know the effect of column inclination on these drag forces. The 

gas/liquid alternating cyclic operation (5 s liquid-5 s gas, Ug = 0-12.2 cm/s, Ul = 2-0 mm/s, 

H = 70 cm) was monitored and the results are illustrated in Figure 8-12. All the drag forces 

were reverse function of column tilt angle (Figure 8-12a-c). As the inclination angle was 

incremented, the drag forces declined monotonically. This confirmed the evolution of gas-

liquid segregated flow pattern in the inclined packed bed whereby the gas-liquid-packing 

interactions tended to decrease by increasing the bed tilt angle. Conversely, examination of 

capillary and mechanical dispersion forces under the gas/liquid alternating cyclic operation 

revealed that the dispersion forces became important with increasing the column tilt angle 

(Figure 8-12d-f). All the forces intensified sharply when the gas flow resumed, except for the 

capillary force, which exhibited slight variations (Figure 8-12d). This highlights the fact that 

during the gas-ON portion, the gas flow encountered substantial resistance to push the excess 

of liquid out of the bed, causing a sharp increase of pressure drop (Figures 8-11a2-c2). As a 

matter of fact, the interfacial forces exerted on the gas phase consists of components: (1) the 

drag force exerted on the gas phase due to the relative motion between the gas and liquid and 

(2) the force whereby the gas pushes the liquid layer against solid particles due to the tortuous 

pattern and the successive changes in the cross-sectional area of the interstitial flow path.27 

During gas OFF portion, however, the gas-liquid and gas-solid drag forces as well as the 

mechanical dispersion force on the gas phase approached zero (Figures 8-12a,b,e), which in 

turn resulted in nearly zero pressure drop (Figures 8-11a2-c2) though the liquid-solid drag 

force and the capillary and mechanical dispersion forces on the liquid phase were noticeably 

high (Figure 8-12c,d,f). The quantitative comparison between the forces revealed that the 

liquid-solid drag force obtained the highest value, whereas the gas-solid and gas-liquid drag 

forces along with the capillary dispersion force were of the same order of magnitude. The 

lowest value was found for the mechanical dispersion force on the gas phase. Based on the 

above analysis it is concluded that the interactions between gas and liquid as well as gas and 

packing is the main reason for the overshoot of the pressure drop under gas/liquid alternating 

cyclic operation. 
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Figure 8-12 Comparison of forces calculated from the CFD model for different inclination 

angles, (a) gas-liquid drag force, (b) gas-solid drag force, (c) liquid-solid drag force, (d) 

capillary dispersion force, and mechanical dispersion force on (e) the gas phase and on (f) 

the liquid phase. Gas/liquid alternating cyclic operation: 5 s liquid-5 s gas, Ug = 0-12.2 cm/s, 

Ul = 2-0 mm/s; H = 70 cm 

 

8.4.5 Effect of column tilt angle on gas and liquid velocities 

Figures 8-13a1,b1 provide the steady-state (iso-flow, Ug = 6.1 cm/s, Ul = 1 mm/s) contour 

plots of the axial velocities, respectively, for the gas and the liquid phases at different bed 

heights as a function of bed inclination (0°, 5°, and 15°). Since the extent of axial velocities 

was not of the same order for the gas and the liquid flows, each phase has its own velocity 

color bar range. The corresponding radial profiles of axial gas and liquid velocities are also 

presented in Figures 8-13a2 and b2, respectively. Column inclination significantly influenced 

the two-phase flow field. Slight tilting of the bed (i.e., 5°) provoked the onset of phase 

segregation resulting in a breakdown of symmetry in fluid velocity distribution. Such gas-

liquid disengagement was imputed to the gravity-driven force pulling liquid to the lower wall 
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regions and forcing the gas phase to move toward the upper wall regions. The loss of 

symmetry in gas and liquid velocity distributions became more pronounced at higher tilting 

angle (15°) where gas (liquid) axial flow was appreciably faster (slower) in the upper wall 

regions than in the lower wall regions. Furthermore, comparison of the extent of axial 

velocities between the gas and liquid flows revealed that the liquid velocity was one order of 

magnitude lower than the gas velocity supporting the previous observation of a quite small 

contribution of the liquid velocity to the gas-liquid drag force (Figure 8-12a). It is noteworthy 

to mention that the memory of a uniform fluid distribution was reflected as a relatively low 

gas-liquid segregation close to the bed entrance (H = 15 cm). 

 

 

 

Figure 8-13 Effect of tilting angle on contours and radial profiles of (a1,2) axial gas velocity 

and (b1,2) axial liquid velocity. Isoflow operation, Ug = 6.1 cm/s, Ul = 1 mm/s 
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8.4.6 Aptitude of cyclic operation in fluid distribution correction 

The reduction of phase maldistribution has been reported as one of the important advantages 

of cyclic operation of slanted packed bed reactors.12 To verify this capability, further 

simulations were performed by the CFD model. The simulation results were examined for a 

tilted bed (ϴ = 10°) under the gas/liquid alternating cyclic operation with two cycle periods 

(5 and 10 s liquid-5 and 10 s gas, Ug = 0-12.2 cm/s, Ul = 2-0 mm/s). A uniformity index, UI, 

was defined as a criterion to represent the degree of liquid maldistribution over the bed cross-

sections:40 
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where i is the facet index of a surface with n facets, Ai is the area of ith facet, and εl,i and εl 

are the ith facet liquid holdup and the cross-sectionally averaged liquid holdup, respectively. 

A value of 1 indicates an ideal distribution of liquid whereas deviation from UI = 1 indicates 

lack of spatial homogeneity in liquid distribution. 

Figures 8-14a1, b1 show the time-series of uniformity index for two cycle periods of 

gas/liquid alternating mode at bed heights of H = 15 and 70 cm. At the same barycentric 

velocities, Ug = 6.1 mm/s and Ul = 1.0 mm/s, the simulation results of UI for the iso-flow 

mode of operation are also presented for comparison. As illustrated, the gas/liquid alternating 

mode posed a minimum followed by a maximum in the time-series of UI. Although UI of 

the gas/liquid alternating mode gets lower than that of the iso-flow in the minimum duration, 

this portion is too short compared to the maximum duration. The maximum duration in UI 

corresponds to gas ON + liquid OFF, whereas the minimum part reflects duration of gas OFF 

+ liquid ON. Higher values of UI can be ascribed to the fact that during the liquid ON portion 

the larger liquid velocity (Ulp =2×Ul) resulted in more liquid accumulation and then irrigation 

of more areas of the bed cross-section; hence, subsequent resumption of larger gas flow (Ugp 

=2×Ug) pushed the accumulated liquid away from the lower wall region and spread it in the 

axial and radial directions thereby increasing UI to be higher than that of the iso-flow mode. 

This observation indicates that the gas/liquid alternating cyclic operation was able to 
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maintain the uniformity index higher than that of the iso-flow mode for approximately the 

entire period in agreement with the experimental findings.12 

 

 

 

Figure 8-14 CFD simulation results for (a1,b1) time evaluation of uniformity index under 

different cyclic periods at two bed heights; (a2,b2) cross-sectional liquid holdup distribution 

pattern, (a3,b3) contours of axial liquid velocity, and  (a4,b4) contours of axial gas velocity, 

corresponding to time of pa.1 and pa.2 in (a1) as well as pb.1 and pb.2 in (b1). Gas/liquid 

alternating cyclic operation, Ug = 0-12.2 cm/s, Ul = 2-0 mm/s (barycentric velocities of Ug = 

6.1 cm/s, Ul = 1 mm/s. Inclined packed bed, ϴ = 10° 

 

To accomplish further detailed insights, the contours of liquid holdup, axial liquid velocity, 

and axial gas velocity are also depicted in Figure 8-14 for time p1 and time p2 corresponding 

to the minimum and maximum uniformity indices, respectively. At the minimum value of UI 

(i.e., pa1 and pb1), a virtually segregated gas-liquid flow pattern is clearly discerned from the 

contours of liquid holdup and velocities. Nevertheless, those disengagement zones were 
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remarkably diminished at the maximum value of UI (i.e., pa2 and pb2) by virtue of the 

gas/liquid alternating cyclic operation. 

8.5 Conclusions 

The hydrodynamics of inclined gas-liquid cocurrent downflow packed beds under ON-OFF 

liquid, ON-OFF gas, and gas/liquid alternating cyclic operations was simulated using a 

transient 3D Eulerian multi-fluid CFD model consisting of closure laws for fluid-solid and 

fluid-fluid interactions as well as capillary and mechanical dispersion forces. A non-invasive 

electrical capacitance tomography sensor was employed to obtain experimental data for 

validation of the simulation results in terms of liquid holdup values and liquid wave 

morphology. The validated CFD model was then used to investigate the effect of bed tilt 

angle on hydrodynamic parameters such as drag force, interstitial fluid velocities, and gas-

liquid distribution. The simulation findings can be summarized as follows: 

 The traditional Eulerian multi-fluid model consisting of only interphase interaction 

forces as closure laws is incapable of tracking the transient dynamics of cyclic 

operating inclined packed beds. 

 Bed deviation from vertical configuration noticeably inflates the gradient of fluid 

volume fraction in the direction of column tilt due to the development of stratified 

flow pattern. 

 Since there is a direct relationship between the dispersion forces and the gradient of 

fluid volume fraction, the capillary pressure force and mechanical dispersion force 

become important as the magnitude of fluid volume fraction gradient increases. 

 While at low inclination angle the capillary dispersion force and the mechanical 

dispersion force are comparable, the capillary dispersion force outpaces by an order 

of magnitude the mechanical dispersion force at higher inclinations. 

 Incorporation of the capillary pressure force and mechanical dispersion force in the 

traditional Eulerian multi-fluid CFD model makes it capable of predicting accurately 

the transient hydrodynamic behaviors of inclined gas-liquid cocurrent downflow 

packed beds under gas, liquid, and gas/liquid alternating cyclic operations. 
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 The interphase interaction forces including gas-liquid, gas-solid, and liquid-solid drag 

forces decrease monotonically with increasing the column tilt angle due to the 

evolution of gas-liquid segregated flow pattern in the packed bed. 

 Column inclination results in the loss of symmetry in gas velocity and liquid velocity 

distributions whereby gas (liquid) axial flow becomes considerably faster (slower) in 

the upper wall regions than the lower wall regions. 

 The cyclic operation strategy is able to keep the liquid maldistribution lower than that 

of the iso-flow mode in agreement with the experimental findings. 

Nomenclature 

A  area of facet (m2) 

D  column diameter (m) 

dp  particle diameter (m) 

E  coefficient of drag force (-) 

F  force term (N/m3) 

g  acceleration due to gravity (m/s2) 

H  distance from bed inlet (m) 

K  momentum exchange coefficient (kg/ m3/s) 

P  pressure (Pa) 

Sm  spread factor (m) 

t  time (s) 

U  superficial velocity (m/s) 

v  velocity (m/s) 

vD  drift velocity (m/s) 
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UI  uniformity index 

Greek Letters 

  column tilt angle (°) 

ɛ  bed porosity (-) 

ɛq  volume fraction of phase k (-) 

μ  viscosity (kg/m.s)  

ρ  density (kg/m3) 

σ  surface tension (N/m) 

τ  stress tensor (Pa) 

Subscripts 

b  base 

c  capillary 

D  dispersion 

g  gas 

i  facet index 

l  liquid 

max  maximum 

mech  mechanical 

min  minimum 

p  peak 

s  solid 
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Chapter 9: CFD Study and Experimental Validation of 

Multiphase Packed Bed Hydrodynamics in the Context of 

Rolling Sea Conditions* 

 

                                                 
* Motamed Dashliborun, A., Larachi, F., 2018. AIChE J., submitted for publication. 
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Résumé 

La nécessité d'un modèle CFD validé pour approfondir notre compréhension de 

l'hydrodynamique complexe des écoulements gaz-liquide dans les milieux poreux oscillants 

a conduit à ce travail expérimental et de simulation. Un modèle de CFD 3D poreux Euler-

Euler transitoire utilisant un référenciel mobile et des techniques de maillage coulissant a été 

appliqué pour élucider les caractéristiques dynamiques des écoulements gaz-liquide de lits 

fixes à courant descendant soumis à des inclinaisons et des oscillations évoquant les 

conditions de mer. L'incorporation de forces de dispersion capillaires et mécaniques en plus 

des termes frictionnels d'interphase dans le modèle CFD pour obtenir des prédictions fiables 

a été évaluée par rapport aux données expérimentales acquises par des capteurs capacitifs à 

mailles et un transmetteur de pression différentielle. A la lumière du modèle CFD validé, une 

analyse de sensibilité détaillée a été réalisée pour traiter les relations entre les paramètres 

hydrodynamiques, l'influence des propriétés du fluide et de la taille du garnissage sur les 

prédictions du modèle, et la contribution supplémentaire des oscillations de la colonne sur la 

dynamique polyphasiques. 
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Abstract 

The necessity for a validated CFD-based model to deepen our understanding about the 

complex hydrodynamics of gas-liquid flows in oscillating porous media has driven this 

experimental and simulation work. A transient 3D Euler-Euler porous media CFD model 

using moving reference frame and sliding mesh techniques was applied to elucidate the 

dynamic features of gas-liquid flows of cocurrent downflow packed beds subject to tilts and 

oscillations reminiscent of sea conditions. Incorporation of capillary and mechanical 

dispersion forces besides interphase momentum exchange terms in the CFD model to achieve 

reliable predictions was evaluated with respect to experimental data acquired by capacitance 

wire-mesh sensors and differential pressure transmitter. In the light of the validated CFD 

model, a detailed sensitivity analysis was performed to address the interrelations between 

hydrodynamic parameters, influence of fluid properties and packing size on the model 

predictions, and additional contribution of column oscillations on multiphase dynamics. 
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9.1 Introduction 

The increasing interest in stranded hydrocarbon resources in remote areas far from 

continental coastlines has led the petroleum industry to implement oil and gas production 

units on mobile sea platforms such as floating production, storage and offloading (FPSO) 

and floating liquefied natural gas (FLNG) units for an economically viable development of 

those resources.1,2 Onboard scrubbing, treatment and refining offshore hydrocarbon streams 

are common unit or reaction operations being accomplished using multiphase packed bed 

contactors/reactors.3-5 Nevertheless, ship motions and tilts stemming from unstable marine 

environments undeniably influence the separation/reaction performances of floating packed 

beds onboard nonstationary platforms.6 

Experimental studies on the hydrodynamic behavior of multiphase packed beds revealed that 

the stationary and dynamic deviations of the column axis from the vertical axis as well as 

acceleration forces profoundly influence the fluid flow paths in porous media (either random 

or structured packing) and gas-liquid contacting modes (i.e., cocurrent downward or upward, 

or countercurrent flows).3,7-17 Time-resolved spatial imaging of the gas-liquid distribution 

over the bed cross section obtained from measurement techniques such as electrical 

capacitance tomography (ECT) and capacitance wire-mesh sensor (WMS) revealed 

noticeable fluid maldistribution and liquid saturation reduction due to column inclinations 

and oscillations.7,8,11,12,14-18 Spatiotemporal images demonstrated that bed stationary tilts 

resulted in accumulation of liquid in the lower-wall regions, whereas rolling motions were 

responsible of periodic transverse migrations of fluids across the packing yielding oscillating 

maldistribution patterns. Furthermore, a strong correlation was found between bed 

tilts/oscillations and departures of liquid flow from the ideal plug flow behavior.11,14,16 

There is certainly no escape from conducting well-thought and reliable experimental studies 

to characterize the hydrodynamics prevailing inside packed-bed reactors. However, the 

associated restrictions and difficulties have limited the application of experimental methods 

to small laboratory-scale setups, narrow operating ranges, and generally to cold fluid 

conditions.19 Therefore, procurement of a validated first-principle-based model can greatly 

enhance our understanding of the multiphase flow hydrodynamics in packed beds especially 
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with an ambition to help in the scale-up. Moreover, a detailed sensitivity analysis can be 

carried out with the aid of simulations saving redhibitory costs and time consuming 

experiments. Once those influential factors identified and understood, minimal efforts are 

required towards validation and reactor performance optimization.20 Although packed-bed 

reactors are well-treading plough-horses in various industrial applications, their design and 

scale up might be challenging tasks under atypical conditions such as those encountered 

under sea conditions. Modeling and simulation would prove crucial in establishing reliable 

quantitative descriptions of the phenomena in place while saving on the costs of several 

intermediate pilot scales.21 

For the sake of resolving the local fluid distributions and velocity fields in packed beds, 

computational fluid dynamics (CFD) as a promising numerical tool is being extensively used 

in the field of multiphase flow reactors.22,23 A validated CFD-based packed bed model can 

track local distributions of fluid through the bed besides evaluating the influence of operating 

conditions and reactor geometry.22 The Eulerian multi-fluid framework has been widely used 

for CFD simulation of multiphase flow in packed beds. In this approach, all phases are treated 

mathematically as interpenetrating continua, and mass and momentum conservation 

equations have similar structures for all phases. The exchange coefficients of mass, 

momentum, and energy are considered for coupling of fluid phases. Phenomenological 

models are often used as closure equations for these momentum exchange coefficients 

wherein the drag forces are expressed as a function of physical properties of fluids and porous 

medium and fluid flow rates.23,24 

So far Eulerian CFD models with appropriate closure laws were able to successfully predict 

bed overall pressure drop and liquid holdup for vertical gas-liquid cocurrent downflow 

packed beds.19-21,25-29 Meanwhile, application of a two-fluid Eulerian CFD framework 

combined with the relative permeability closure model was limited to qualitative descriptions 

of the hydrodynamics of stationary tilted packed beds.30 Recently,  comprehensive CFD 

simulations allowed quantitative predictions of the transient hydrodynamic behaviors of 

stationary tilted packed-bed reactors under various cyclic modulation feed strategies using a 

3D unsteady multi-fluid Euler approach consisting of closure laws for fluid-solid and fluid-

fluid interactions as well as capillary and mechanical dispersion forces.31 The simulation 
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results were validated with experimental data provided by ECT imaging and differential 

pressure transmitter. The model successfully predicted the transient bed pressure gradients 

as well as the morphological characteristics of a liquid wave initiated by different cyclic 

strategies and its propagation down the porous medium. It was realized that the lack of 

attainment of fully developed unidirectional flows in stationary tilted packed beds was the 

main reason of failure of traditional Eulerian multi-fluid model in which only fluid-solid and 

fluid-fluid interactions were considered. Incorporation of capillary pressure and mechanical 

dispersion force terms in the Eulerian multi-fluid CFD model was shown to be essential to 

accurately capture the transient stratifications arising in tilted packed beds. 

CFD simulation studies on the dynamic behavior of gas-liquid flows in oscillating packed-

bed reactor have remained few in the literature. These works have been restricted to the 

numerical simulation of time periodic off-axis countercurrent packed-bed columns at low tilt 

angles.32 No validations of the simulation results were carried out against experimental data 

of the moving packed bed.32,33 Moreover, there was a lack of comprehensive sensitivity 

analysis in addressing the contribution of force terms in model predictions, the interrelations 

between hydrodynamic parameters, and the impacts of fluid properties and packing size on 

simulation results.32,33 Therefore, the aim of this study is to perform CFD simulations of 

oscillating multiphase packed beds with specific focus on the gas–liquid cocurrent 

descending flow. To validate the model predictions, capacitance wire-mesh sensors (WMS) 

and differential pressure transmitter are employed to experimentally track the time evolution 

of liquid saturation and bed overall pressure drop in the course of column tilts and motions, 

respectively. Since roll motion has been reported in literature as the most influential 

oscillation on the hydrodynamics of multiphase packed beds,11-13,15,18 here the effect of 

rolling angle and period on hydrodynamic parameters including local and cross-sectionally 

averaged liquid saturations, bed overall pressure drop, gas-liquid distribution, fluid 

velocities, drag forces, and dispersion forces is thoroughly investigated. The importance of 

dispersion terms and their inclusion to achieve reliable results was also assessed. In addition, 

an exhaustive sensitivity analysis is conducted with the validated CFD model to understand 

the influence of different model parameters on the simulation results. 
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9.2 Description of CFD model 

9.2.1 Porous media two-fluid Eulerian model 

A transient three-dimensional (3D) two-fluid Eulerian CFD model was implemented in 

porous media approach to describe the hydrodynamic behavior of gas-liquid cocurrent 

downflow packed beds under ship tilts and roll motions. In this framework, the Eulerian 

method treated the gas and liquid phase as mutually interacting interpenetrating continua, 

whereas the porous media approach modeled implicitly the solid phase through gas-solid and 

liquid-solid interaction forces consisting of viscous and inertial terms. The gas and liquid 

phase were assumed to be Newtonian, isothermal, incompressible, with no phase change, and 

no chemical reaction. The macroscopic volume-averaged forms of mass and momentum 

balance equations for each flowing phase are summarized in Table 9-1.  

9.2.2 Closures  

In order to solve the macroscopic problem where momentum balances for flowing fluids 

were derived from averaging pore-scale Navier-Stokes equations, the system of equations 

required closure laws.29 In this work, the closure laws for porous resistances (i.e., fluid-solid 

interactions) and gas-liquid interaction together with fluid dispersion mechanisms were 

considered for calculation of gas-liquid flows in oscillating porous media. The Ergun-like 

model developed by Attou et al.34 was used to account for porous resistances and gas-liquid 

interaction (Table 9-1, Eqs. 13-17). Each force contains viscous and inertial contributions as 

defined by Eq. 13. In these equations, the viscous and inertial Ergun constants E1 and E2 were 

retained as 180 and 1.8, respectively.35 

Besides, the CFD model incorporated the capillary pressure and the mechanical dispersion 

as two distinct mechanisms causing momentum dispersion in the porous medium.29,36 In the 

two-fluid Eulerian method, a unique averaged pressure field is solved for the gas phase. 
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Table 9-1 Equations of Eulerian two-fluid porous media CFD model 
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Thus, a capillary pressure model is required to consider the pressure jump at the gas-liquid 

interface due to capillarity.29,37 The correlation developed by Attou and Ferschneider38 is 

widely used to describe the capillary pressure in cocurrent gas-liquid downflow trickle beds 

(Eqs. 18-20). The gradient of this expression (i.e., Eq. 21) was added to the momentum 

conservation equation of the liquid phase as a capillary dispersive force term to account for 

the capillary pressure in the CFD model.29,39 The mechanical dispersion becomes important 

when spatial variations of the pore-scale fluid velocity leads to deviations from the 

macroscopic volume-average velocity. The model developed by Lappalainen et al.36 and 

Fourati et al.37 was applied to account for the mechanical dispersion in both gas and liquid 

phases (Eqs. 22-25). More details on the capillary and mechanical dispersion forces and 

theoretical foundation can be found elsewhere.36,37 

9.2.3 Roll motion 

To take into account the influence of roll motion on the fluid dynamics in porous medium, 

governing equations of the gas and liquid phases were reformulated. In the present study, 

two different methods were employed to perform roll motions of the multiphase packed bed: 

moving reference frame (MRF) and sliding mesh (SM). The MRF approach modified the 

momentum conservation equation of flowing phases to incorporate the additional 

acceleration/deceleration force terms resulting from the transformation of the stationary (or 

inertial) reference frame to the moving (non-inertial) frame.40 Accordingly, the 

computational domain for the CFD model was established with respect to the moving frame 

(Figure 9-1a). The transformation of fluid velocities from the inertial frame to the non-inertial 

frame was made through Eq. 5 in Table 9-1. In this work, the governing equations of fluid 

flow in a moving reference frame were formulated using the relative velocities as dependent 

variables (see Table 9-1). Therefore, four additional acceleration terms appeared in the 

momentum conservation equations due to translational and rotational movements of the non-

inertial reference frame relative to the stationary reference frame. These terms are the 

Coriolis acceleration (2�⃗⃗� ×𝑣 ʹq), the centripetal acceleration (�⃗⃗� ×(�⃗⃗� ×𝑟 )), and the accelerations 

due to unsteady variation of the rotational (d�⃗⃗� /dt×𝑟 ) and translational (d𝑣 t/dt) velocities (Eq. 

4). It should be indicated that the time-dependent rolling angle (Eq. 7) was defined such that 

each motion sequence started (t = 0) from the upright position (θ = 0°) of the column. Thus, 
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the angular velocity (ω) for roll motion was derived as Eq. 8. Contrary to MRF, the SM 

technique retained the velocity of the gas and liquid phases in the stationary reference while 

allowing all of the boundaries and the cells to move together in a rigid-body motion as shown 

in Table 9-1.40 Hence, roll motion was applied to the computational domain with regard to 

the mesh velocity. This parameter was specified for roll motion as the outer product of 

angular velocity and position vector (Eq. 9).40 The reader is directed to ANSYS FLUENT 

user’s guide (2015) for detailed information about the MRF and SM methods and their 

theoretical backgrounds.40 

 

 

Figure 9-1 (a) Hexapod roll motion and coordinate systems in computational domain, (b) 

typical mesh structure of 3D geometry 

 

9.2.4 Numerical solution procedure 

The system of model equations for stationary and moving multiphase packed beds was solved 

using the pressure-based unsteady state solver in double precision mode within ANSYS® 

FLUENT 18.1 CFD environment. The pressure-velocity coupling was made via Semi-

Implicit for Pressure Linked Equations (SIMPLE) algorithm. The upwind scheme of second 



 

278 

 

order was chosen for spatial discretization of the momentum, whereas the discretization of 

phase fractions was performed using the Quadratic Upstream Interpolation for Convective 

Kinematics (QUICK) scheme. The time discretization of unsteady terms in mass and 

momentum balance equations was made through the first-order implicit scheme. Solution 

convergence for each time step was assumed as all residuals fell below 10-3 during the 

maximum iteration number of 100. The non-slip boundary condition was set for the reactor 

walls. At the bed entrance, a uniform velocity profile was assumed for both gas and liquid 

flows and applied as the inlet boundary condition. An outflow boundary condition was used 

at the bed outlet. 

The above set of closure laws were programmed using “C language” and compiled in 

ANSYS® FLUENT as user-defined functions (UDF). For roll motions of the column as 

defined in Eqs. 7-9, a UDF was developed and implemented in the software as well. The 

typical meshing used for the 3D computational domain is illustrated in Figure 9-1b. After 

examination of different mesh refinements, a cell number of 12,750 on the domain was found 

sufficient to ensure grid-independent solutions. Furthermore, the column-to-particle diameter 

ratio (D/dp = 19) was large enough to assume a uniform porosity distribution across the 

bed.20,26 In order to facilitate the solution convergence and to save the computation time, an 

arbitrary liquid saturation value higher than zero was set in the domain as an initial 

condition.20 In addition, a stable solution obtained under the stationary vertical configuration 

was considered as an initial condition for simulation of rolling packed beds. 

9.3 Experimental setup 

In order to validate the simulations obtained with the CFD model developed in this study, 

hydrodynamic experiments with air-kerosene system were performed at room temperature 

and atmospheric pressure in a gas-liquid cocurrent downflow packed bed. Figure 9-2 

schematically illustrates the laboratory-scale column bound to the hexapod robot for ship tilt 

and roll motion simulations together with the capacitance wire-mesh sensors (WMS) for 

liquid saturation measurements. To emulate packed-bed reactor conditions onboard offshore 

floating vessels, the column was firmly positioned on a NOTUS hexapod ship motion 

simulator allowing six-degree-of-freedom motions. In the present work, the column was 
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submitted to roll motions with 5° and 15° amplitudes and periods of 5-40 s covering typical 

conditions of a ship subjected to marine swells.41,42 The limiting cases of stationary vertical 

(0°) and stationary tilted (5°-15°) bed configuration were included as well. 

 

 

Figure 9-2 Schematic diagram of the experimental setup illustrating stationary-moving 

packed bed/WMS/hexapod robot 

 

The transparent Plexiglas column with an inner diameter of 57 mm was packed up to a height 

of 1000 mm with 3 mm glass bead particles resulting in an average packing porosity of ca. 

0.40. To avoid movements of the glass beads during bed tilts and roll motions, the packing 

was immobilized between a stainless steel retaining screen at the bottom and the gas/liquid 

distributor at the top of the reactor. A peristaltic pump was used to supply and control the 

liquid phase, while the desired gas flow rate was adjusted by means of a calibrated flowmeter. 

In addition to liquid saturation data, the overall bed pressure drop was measured using a 

differential pressure transmitter with a frequency of 5 Hz. A complete pre-wetted bed 

condition was provided before starting any experiment through operation under the pulse 

flow regime for at least 30 min according to the Kan and Greenfield pre-wetting method.43 



 

280 

 

The packed bed specifications, fluid properties, and operation conditions are summarized in 

Table 9-2. 

Table 9-2 System characteristics and operating conditions 

Parameter Value 

Column internal diameter (m) 0.057 

Packed bed height (m) 1.0 

Average bed porosity (-) 0.395 

Spherical glass beads size (m) 0.003 

Liquid saturation measurement heights (m) 0.15 & 0.85 

Gas phase density (kg/m3) 

Liquid phase density (kg/m3) 

Liquid viscosity (mPa.s) 

1.2 

792 

2.2 

Liquid surface tension (mN/m) 25.3 

Gas superficial velocity (m/s) 0.092 

Liquid superficial velocity (m/s) 0.0012-0.0017  

Stationary tilt angle (°) 0-15 

Roll motion amplitude (°)  [-5/-15 to +5/+15] 

Roll motion period (s) – 40
 

Two WMSs were installed at positions 150 mm and 850 mm downstream the inlet of the 

packed bed (Figure 9-2) to measure instantaneous local liquid saturations and their 

corresponding cross-sectional averages. Each WMS is composed of two horizontal planes 

with 16 parallel stainless steel wires of 0.4 mm diameter and 3.57 mm lateral distance 

between them. The upstream and downstream wire planes, 1.5 mm gap, run as transmitter 

and receiver, respectively. This arrangement of planes leads to 162 reading points, thereof 

188 points fell inside the bed circular cross-section. A sampling frequency of 100 Hz was 

found enough to capture the transient dynamics of gas-liquid flows in stationary and 

oscillating packed beds. The bed states of 0% (drained bed) and 100% (flooded bed) liquid 

saturation were assigned as reference measurements to compute the dynamic liquid 

saturation, β, in virtual crossing points of the WMS. The resulting liquid saturation is the 

contribution that exceeds the 0% reference or the so-called residual liquid saturation. 

Additional details about the operating principle of WMS, data processing, and application in 

multiphase flow measurements can be found in our group’s previous studies.11,44-46 
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9.4 Results and Discussion 

9.4.1 Preliminary numerical tests 

The CFD study of gas-liquid flows in stationary inclined packed beds under flow modulation 

through a 3-D unsteady-state Eulerian multi-fluid model underlined the importance of 

incorporation of capillary pressure and mechanical dispersion forces in the model to 

accurately predict the phase segregation arising in tilting beds.31 The development of gas-

liquid stratified flow pattern due to the column deviation from verticality affects fluid volume 

fraction gradient in the lateral direction, whereby the dispersion forces become important as 

perceived from Eqs. 21-24. 

The magnitudes of liquid saturation gradient and capillary and mechanical dispersion forces 

were analyzed via CFD simulations for the packed bed under roll motion at three column 

postures (Figure 9-3a). For comparative purposes under identical fluid throughputs, the 

corresponding profiles for the limiting cases of stationary vertical and inclined configurations 

were also illustrated in Figure 9-3b. The magnitudes of liquid saturation gradient and 

dispersion terms were found to be notable only in the direction of column tilt, here the x-

direction, and those profiles in the y- and z-directions appeared virtually insensitive to the 

bed tilt with negligible absolute values. Hence, only the x-components of these parameters 

are shown here. Under roll motion, the bed moving from vertical (0°) to tilted positions 

(±15°) led to the breakup in axial symmetry of the liquid saturation gradient profile on 

account of the gravity-driven force preferentially pulling the liquid phase downwards close 

to the lower-wall area and forcing the gas phase to migrate towards the upper-wall area 

(Figure 9-3a1). This formation of liquid-rich and gas-rich regions in the bed cross section 

reflected in a noticeable growth of gradient magnitude in the tilt direction. The interface 

between liquid-rich and gas-rich regions, emerging here as extrema, alternated the location 

in the lateral direction when the column angular coordinate, θ, swept sequentially the [+15°– 

0°] and [0°– –15°] ranges (Figure 9-1a). 

 



 

282 

 

 

 

 

Figure 9-3 Evolution of radial component of (a1,b1) liquid saturation gradient, (a2,b2) 

capillary and (a3,b3) mechanical dispersion forces for (a) rolling bed with 15° amplitude and 

20 s period and (b) stationary vertical (0°) and 15°-tilted beds. Ug = 9.2 cm/s, Ul = 1.2 mm/s; 

H = 50 cm 

 

Expectably, the capillary and mechanical dispersion forces became significant in the course 

of column roll motion (Figures 9-3a2 and a3). It is interesting to note that lateral profiles of 

the capillary dispersion force were recognized to be similar to the corresponding profiles of 

liquid saturation gradient, though the mechanical dispersion force exhibited bell-shaped  

profiles during the roll motion. Moreover, mechanical dispersion values were noticeably 

higher than those of the capillary dispersion force regardless of column inclinations. 

Comparison of the rolling packed bed with the stationary bed configurations (Figures 9-3b1-

3) revealed higher values of liquid saturation gradient and capillary dispersion force for the 

stationary 15°-inclined bed. Conversely, the saturation gradient and dispersion forces took 

higher values for the case of rolling bed when the column periodically came across upright 
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positions as compared to the stationary vertical bed (0°). The difference in the profile shape 

of mechanical dispersion force between the oscillating and stationary packed beds is also 

worthy of notice (Figures 9-3a3 and b3). These numerical findings stress out the contribution 

of additional dynamics due to column oscillations on the complexity of the packed bed 

hydrodynamics. Therefore, reliance on the stationary upright and tilted columns, 

corresponding to the extremum angular amplitudes, as representatives of rolling packed beds 

is just untrustworthy. 

 

 

Figure 9-4 Simulation results of (a) inclusion of dispersion terms in the CFD model and (b) 

the traditional model without dispersion terms for stationary-rolling packed beds. Ug = 9.2 

cm/s, Ul = 1.2 mm/s; H = 50 cm 

 

Figure 9-4 illustrates the instantaneous evolution of the cross-sectionally averaged liquid 

saturation obtained from the Eulerian two-fluid porous media CFD model with inclusion in 

the momentum equations of the dispersion force terms (Figure 9-4a) and without these terms 

(Figure 9-4b) for the rolling packed bed as well as the stationary vertical and 15°-inclined 

beds. While implementation of both modeling approaches (i.e., with and without dispersion 

terms) resulted in the same predication for the stationary vertical bed (0°), a severe lack of 

temporal stability in the calculated liquid saturation for the rolling and stationary tilted beds 

was found without incorporation of the dispersion terms in the CFD model. The erratic 

behavior in liquid saturation time series was more pronounced for the oscillating bed as 

shown in Figure 9-4b. Furthermore, the calculated values of this parameter were lower than 

those predicted by a model in which the dispersion force terms were incorporated. The 

numerical results made earlier underlined the importance of inclusion of the capillary and 

mechanical dispersion terms in the CFD model for unsteady-state simulations of gas-liquid 
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flows in porous media subjected to roll motions and stationary tilts. Accordingly, in all the 

simulations carried out in this study, both capillary and mechanical dispersion forces were 

included in the CFD model. 

The simulation results obtained from the sliding mesh and moving reference frame 

approaches were compared for a packed bed under the 15°-amplitude roll motion of 20 s 

period (Figure 9-5). In addition to the liquid saturation at two bed heights, the transient 

variation of pressure drop was captured. No difference was observed through application of 

these two techniques. Since computational efforts and CPU time required for the sliding mesh 

approach were an order of magnitude higher than for the moving reference frame, for all the 

subsequent simulations of rolling packed beds the moving reference frame method was 

applied. 

 

 

 

Figure 9-5 Comparison of simulation results obtained from sliding mesh and moving 

reference frame approaches in terms of (a,b) liquid saturation and (c) pressure drop for a 

rolling packed bed with 15° amplitude and 20 s period. Ug = 9.2 cm/s, Ul = 1.2 mm/s 
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9.4.2 Experimental validation of the CFD model 

Accuracy of the CFD model prediction was evaluated against experimental data in terms of 

local and cross-sectionally averaged liquid saturation values, pressure drop values, and 

morphology of generated waves in the course of hexapod excitations. Prior to carrying out 

the simulations of rolling packed beds, liquid saturation and pressure drop were calculated 

for the stationary packed bed positioned at different tilt angles. Table 9-3 shows a maximum 

error of about 10% in prediction of both parameters. Furthermore, the simulation results 

accurately detected the trend of experimental measurements. An increase of column tilt angle 

caused the reduction of liquid saturation and pressure drop, whereas these two parameters 

augmented with the liquid superficial velocity. 

Table 9-3 Comparison between experimental data and simulation results for stationary tilted 

packed beds: (a) Ug = 9.2 cm/s, Ul = 1.2 mm/s 

θ (°) 
Hbed 

(m) 
(βl)Exp (βl)Sim 

Error 

(%) 

(ΔP/H)Exp 

(kPa/m) 

(ΔP/H)Sim 

(kPa/m) 

Error 

(%) 

0 
0.15 0.398 0.377 5.40 

3.26 3.21 1.53 
0.85 0.387 0.377 2.74 

5 
0.15 0.395 0.376 4.96 

2.95 3.12 -5.76 
0.85 0.345 0.374 -8.28 

10 
0.15 0.386 0.373 3.58 

2.7 2.85 -5.56 
0.85 0.335 0.363 -8.36 

15 
0.15 0.364 0.367 -0.80 

2.62 2.44 6.87 
0.85 0.314 0.343 -9.16 

 

Table 9-3 Comparison between experimental data and simulation results for stationary tilted 

packed beds: (b) Ug = 9.2 cm/s, Ul = 1.7 mm/s 

θ (°) 
Hbed 

(m) 
(βl)Exp (βl)Sim 

Error 

(%) 

(ΔP/H)Exp 

(kPa/m) 

(ΔP/H)Sim 

(kPa/m) 

Error 

(%) 

0 
0.15 0.443 0.40 9.63 

4.18 3.82 8.61 
0.85 0.436 0.40 8.36 

5 
0.15 0.442 0.399 9.71 

3.60 3.72 -3.33 
0.85 0.417 0.397 4.75 

10 
0.15 0.437 0.397 9.35 

3.33 3.42 2.70 
0.85 0.388 0.389 -0.25 

15 
0.15 0.426 0.392 7.96 

3.25 2.95 9.23 
0.85 0.340 0.372 -9.40 
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Figures 9-6a and b compare the time series of cross-sectionally averaged liquid saturation 

and overall pressure drop from simulation with experimental data for the 15°-amplitude 

rolling bed of 20 s and 40 s periods, respectively. The CFD model predictions were 

reasonably close to the experimental measurements. The model was able to satisfactorily 

track the dynamic profile of measured liquid saturation and pressure drop regardless of 

oscillation period. 

 

 

 

Figure 9-6 Comparison of CFD results with experimental data for the 15°-amplitude rolling 

bed with (a1,2) 20 s and (b1,2) 40 s oscillation periods. Ug = 9.2 cm/s, Ul = 1.2 mm/s 

 

The capability of the CFD model was further assessed through analyzing local liquid 

saturations across the bed. For this aim, two orthogonal regions adjacent to the wall were 

selected from the interrogated crosswise plane, as displayed in Figures 9-7a and b with region 

RI and region RII inside the circle representing the column cross section. Time series of the 

liquid saturation for these regions obtained from the model results and the two-dimensional 

WMS slice are represented in Figures 9-7a and b. The liquid saturation values and wave 

morphology for both regions under the 15°-amplitude roll motion of 20 s period were fairly 

well described through the CFD model. 
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Figure 9-7 Comparison of CFD results with experimental data in terms of local liquid 

saturations and wave morphology under different motion conditions, (a,b) θ = ±15°,T = 20 s, 

(c) θ = ±15°, T = 10 s and 40 s, (d) θ = ±5°, T = 5 s and 40 s. Ug = 9.2 cm/s, Ul = 1.2 mm/s; 

H = 85 cm 

 

The aptitude of the model for capturing the amplitude and variation of local liquid saturations 

under different oscillation periods and amplitudes was also investigated. For the sake of 

brevity, the results of RI only are depicted here for the selected motion conditions (Figures 

9-7c and d). Predictions of the model are in good agreement with the experimental results for 

all tested conditions. It is noteworthy to mention that the liquid saturation of RI reached its 

maximum value by tilting the bed to the lowermost position (θ = –5°/–15°) while changing 

the position from θ = –5°/–15° to θ = +5°/+15° over one-half period, RI relocated to the 

uppermost position, thereby manifesting as a minimum value in liquid saturation time series. 

Moreover, the amplitude of liquid saturation variations shrank with decreasing column 

oscillation angle and period. The CFD model successfully captured all above specific 

features. 
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The developed CFD model demonstrated its ability to track the transient dynamics of rolling 

packed beds under different motion conditions. In the following section, the CFD simulations 

examine the influence of roll motion on hydrodynamic parameters such as cross-sectional 

liquid distribution, gas-liquid velocities, and drag forces. 

9.4.3 Effect of roll motion on hydrodynamic parameters 

Figure 9-8 monitors the liquid saturation contour plots at different bed heights over one 

period of roll motion. The contour plots for the stationary tilted bed at the same flow rate 

condition are also plotted for comparison. Column angular oscillation induced secondary 

transverse displacements of the liquid in the radial and circumferential directions, which in 

turn caused remarkable spatial inhomogeneity in the crosswise liquid distribution. It is 

perceivable that a permanent tilt (right-side contours) of the bed worsened liquid 

maldistribution at the expense of intensified gravity-driven force and the absence of inertial 

force stemming from the column excitation. 

 

 

Figure 9-8 Cross-sectional liquid saturation distribution patterns at different bed heights 

under roll motion (θ = ±15°, T = 20 s) and static tilt (–15°). Ug = 9.2 cm/s, Ul = 1.2 mm/s 
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Next, the influence of roll motion on fluid velocity distributions over the cross-sectional area 

was studied. Figures 9-9a and b present the contour plots of the velocity magnitude for the 

gas and liquid phases subject to 15° and 5° oscillation angles, respectively. The 

corresponding contours for the limiting case of stationary tilted beds are shown on the right-

hand side as well. Each phase and oscillation angle has its own velocity color bar range 

because the magnitude of velocities was not of the same order. 

 

 

 

Figure 9-9 Contour of gas and liquid velocities at H = 85 cm under 20 s-period roll motion 

with oscillation amplitudes of (a) 15° and (b) 5°. Corresponding contours for static tilted beds 

in same conditions are drawn for comparison. Ug = 9.2 cm/s, Ul = 1.2 mm/s 

 

A dramatic impact of column tilts on the two-phase flow field is evident from a breakdown 

of symmetry in gas and liquid velocity distributions for both oscillation angles. Bed 

deviations from the upright position provoked gas-liquid disengagement whereby the 

magnitude of gas (liquid) velocity was substantially higher (slower) in the upper wall regions 

than in the lower wall regions. The loss of symmetry in fluid velocity distribution became 

more pronounced for the roll motion of high tilting angle (Figure 9-9a). Furthermore, 
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comparison of the velocity contours between the rolling bed at tilted postures (θ = ±15°/±5°) 

and the stationary tilted bed (θ = –15°/–5°) revealed an important contribution of column 

acceleration/deceleration on dispersing the fluid over the bed cross section as reflected in a 

more coverage of the area with velocities higher than the average velocity. It is worthy of 

notice that the gas velocity was one order of magnitude higher than the liquid velocity under 

both tilting angles. 

 

 

Figure 9-10 Comparison of different drag forces calculated from the CFD model at H = 85 

cm for 20 s-period roll motion with oscillation amplitudes of 15° and 5°, (a) liquid-solid drag 

force, (b) gas-solid drag force, (c) gas-liquid drag force. Corresponding contours for static 

tilted beds in same conditions are drawn for comparison. Ug = 9.2 cm/s, Ul = 1.2 mm/s 

 

Figures 9-10a, b, and c illustrate the effect of column roll motions and stationary tilts on the 

interphase interaction forces consisting of liquid-solid, gas-solid, and gas-liquid drag forces, 

respectively. The uniform distribution of gas-liquid-packing interactions on the cross-
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sectional area underwent an appreciable inhomogeneity, akin to fluid velocity, as a 

consequence of the evolution of gas-liquid segregated flow pattern in the packed bed under 

roll motions and tilts. Expectably, the higher the tilt angle, the more the drag forces tend to 

lose the symmetrical distribution. The marginal influence of roll motion was found on the 

gas-solid drag force during the 5°-amplitude oscillation (Figure 9-10b). It is interesting to 

note that the liquid-solid (Figure 9-10a) and gas-solid (Figure 9-10b) drag forces followed, 

respectively, the same trend of liquid and gas velocities (Figure 9-9) during column roll 

motions and stationary tilts (see Table 9-2 for equations). Contours of the gas-liquid drag 

force (Figure 9-10c), on the other hand, exhibited a trend being rather similar to those of the 

gas velocity. As observed earlier in Figure 9-9, the liquid velocity was too low to make a 

major contribution to the gas-liquid drag force. 

9.4.4 Sensitivity analysis 

Further simulations were performed via the validated CFD model to study the effect of 

different model parameters on the results. To quantify the lack of even crosswise liquid 

distribution as one of the major consequence of column roll motions, a uniformity index, UI, 

was defined as a criterion to represent the degree of liquid maldistribution over the bed cross 

sections:40 

,

1

1

( )

1

2

n

l i l i

i

n

l i

i

A

UI

A

 









 



  (26) 

where i is the facet index of a surface with n facets, Ai is the area of ith facet, and βl,i and βl 

are the ith facet liquid saturation and the cross-sectionally averaged liquid saturation, 

respectively. A value of 1 indicates an ideal distribution of liquid whereas deviation from UI 

= 1 indicates loss of spatial homogeneity in the cross-wise liquid distribution. 

The influence of rolling angle and period on model predictions was examined under identical 

gas and liquid flow rates (Figures 9-11a-i). Here, the simulation results are shown as time 

series of cross-sectionally averaged values. 
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Figure 9-11 Effect of oscillation amplitude and period on (a) liquid saturation, (b) pressure 

drop, (c) uniformity index, (d) liquid-solid drag force, (e) gas-solid drag force, (f) gas-liquid 

drag force, (g) capillary dispersion force, and mechanical dispersion force on (h) the liquid 

phase and on (i) the gas phase. Ug = 9.2 cm/s, Ul = 1.2 mm/s; H = 50 cm 

 

An increase of rolling angle and period resulted in a decrease of liquid saturation (Figure 9-

11a) and bed pressure drop (Figure 9-11b) at the expense of intensified variations in 

agreement with experimental data as well as literature findings.11,12,18 Similarly, the 

uniformity degree of the liquid distribution diminished with oscillation angle and period due 

to the progressive development of a segregated flow pattern inside the packed bed (Figure 9-

11c). The reduction of oscillation amplitudes by decreasing rolling angle and period can be 

attributed to less accumulation of the liquid in the lower-wall regions and redistribution of 

the accumulated liquid through inertial disturbances prompted by more recurring bed 

acceleration/deceleration episodes, respectively. Such additional inertial forces gained by the 

fluids led to intensified phase interactions and enhanced drag forces thereof as seen from 
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Figures 9-11d-f. The smaller the rolling period and angle, the higher the drag forces were. 

Conversely, examination of capillary and mechanical dispersion terms under roll motions 

disclosed that the magnitude of dispersion forces became significant with increasing the 

rolling angle and period (Figures 9-11g-i). 

All the parameters exposed a minimum value followed by a maximum value in the time series 

over one-quarter rolling period. It should be noted that the maximum value for the liquid 

saturation, pressure drop, uniformity index, and drag forces corresponds to column vertical 

positions (0°) where the gas-rich and liquid-rich regions tended to vanish yielding intensified 

gas-liquid-packing interactions; however, the maximum absolute value of the dispersion 

forces reflects time when the column came by limiting inclinations, i.e., ±5°/±15°. 

Quantitative comparisons between the forces divulged that the liquid-solid drag force 

achieved the highest value, whereas the gas-solid and gas-liquid drag forces were of the same 

order of magnitude. The dispersion forces on the liquid and gas phases exhibited lower values 

in comparison with the drag forces. 

The effect of fluid properties and gravitational acceleration on the simulation results was also 

studied for a packed bed under roll motion (θ = ±15°, T = 20 s). To apprehend the role of 

each parameter, all variables remained unchanged except the sought one. The model 

predictions are shown in Figures 9-12a-f. The increase in liquid viscosity led to higher liquid 

saturation (Figures 9-12a). This augmentation is ascribable to the liquid-solid drag force as a 

direct function of liquid viscosity (see Table 9-2). Since the liquid-solid drag force is a 

resisting force against the liquid flow, the increase of liquid viscosity strengthened this force 

(Figure 9-12b) which in turn enhanced the liquid saturation. Meanwhile, the gas velocity 

increased due to lower available porous space for the gas phase. This led to an increase in 

both gas-solid and gas-liquid drag forces (see Table 9-2) as observed from Figures 9-12c and 

d. In virtue of intensified drag forces, phase interactions increased and thereby producing 

higher pressure drop and improving the uniformity index (Figures 9-12e and f). 
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Figure 9-12 Effect of fluid properties and gravitational acceleration on the simulation results, 

(a) liquid saturation, (b) liquid-solid drag force, (c) gas-solid drag force, (d) gas-liquid drag 

force, (e) pressure drop, (f) uniformity index. θ = ±15°, T = 20 s; Ug = 9.2 cm/s, Ul = 1.2 

mm/s; H = 50 cm 

 

Unlike the effect of liquid viscosity, the liquid saturation decreased when the liquid density 

was increased (Figure 9-12a). Although the liquid-solid drag force is a direct function of 

liquid density, the weight of liquid which acts in the same direction of flow and prefers lower 

liquid saturation also gets larger at higher value of liquid density. From Figure 9-12a, the 

lower value of liquid saturation disclosed the fact that the eventual outcome of these opposing 

forces on the liquid phase was dominance of the weight force. As the liquid saturation 

decreased, more free space became available for the gas phase and gas velocity diminished 

thereof. Consequently, both gas-solid and gas-liquid drag forces decreased (Figures 9-12c 

and d). Lower gas related drag forces are tantamount to lower phase interactions and thus 
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lower pressure drop (Figure 9-12e). Besides, the uniformity degree of liquid distribution over 

the bed cross section aggravated at higher liquid density (Figure 9-12f). 

To understand the role of liquid weight force, this term was disabled by applying a gravity-

free condition (i.e., g = 0 m/s2).  As expected, the liquid saturation increased in the absence 

of weight force which acts in the direction of flow (Figure 9-12a). The augmentation of liquid 

saturation resulted in a decrease in liquid velocity and an increase in gas velocity. The 

decrease of liquid velocity and increase of liquid saturation both tended to reduce the liquid-

solid drag force (Figure 9-12b), whereas the gas-solid and gas-liquid drag forces (Figures 9-

12c and d) intensified by virtue of higher gas velocity and lower gas saturation (see Table 9-

2). The enhanced phase interactions induced higher pressure drop and noticeably improved 

the liquid distribution (Figures 9-12e and f). Interestingly, those oscillations in time series of 

the uniformity index tended to disappear in the absence of gravitational force. 

The influence of higher gas density on the hydrodynamic parameters was examined as well. 

This case can arise at high-pressure operation under industrial conditions. Increasing the gas 

density by one order of magnitude was accompanied with lower liquid saturation as 

illustrated in Figure 9-12a. The enhancement of gas-liquid drag force (Figure 9-12d) due to 

higher gas density can be the main reason for this reduction, since this force acts in the 

direction of flow on the liquid phase. As the liquid saturation decreased, the liquid velocity 

was raised which in turn provoked higher liquid-solid drag force (Figure 9-12b). The gas-

solid force as a direct function of gas density intensified at its higher value (Figure 9-12c). 

Stronger phase interactions owing to higher drag forces were reflected in higher pressure 

drop (Figure 9-12e). An improvement in the uniformity index at higher gas density is worthy 

of notice (Figure 9-12f). 

Figures 9-13a-d demonstrate that packing particle size played an important role in the 

hydrodynamic behavior of cocurrent gas-liquid flow packed-bed reactors under column roll 

motion. The simulation results revealed that all the drag forces intensified with decreasing 

the packing size as they were a reverse function of particle diameter (see Table 9-2). Here, 

only the liquid-solid drag force is illustrated (Figure 9-13b). As discussed in previous case 

studies, the enlarged liquid-solid drag force reflected in a significant resistance against the 

liquid flow and, consequently, augmented the liquid saturation (Figure 9-13a). Such 
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enhanced phase interactions at higher liquid saturation elicited higher pressure drop as well 

as higher uniformity index (Figures 9-13c and d). The constringed amplitude of uniformity 

index variations at lower particle diameter underlined the role of packing size in filtering the 

impact of column roll motions. 

 

 

 

Figure 9-13 Effect of particle size on the simulation results, (a) liquid saturation, (b) liquid-

solid drag force, (c) pressure drop, (d) uniformity index. θ = ±15°, T = 20 s; Ug = 9.2 cm/s, 

Ul = 1.2 mm/s; H = 50 cm 

 

9.5 Conclusion 

In this work, an unsteady-state 3D Eulerian two-fluid CFD model was implemented in porous 

media approach to describe the hydrodynamic behavior of gas-liquid cocurrent downflow 

packed beds under ship inclinations and roll motions. In addition to interphase momentum 

exchange terms (i.e., drag forces), mechanical dispersion forces and the capillary pressure 

force were also taken into account as important closure laws in the Eulerian porous media 

CFD model. Moving reference frame and sliding mesh methods were applied to perform roll 

motions of the multiphase packed bed. Capacitance wire-mesh sensors and differential 
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pressure transmitter were used to obtain experimental data for validation of the simulation 

results in terms of local and cross-sectionally averaged liquid saturations and bed overall 

pressure drop, respectively. The influence of different parameters on the model predictions 

was then investigated using the validated CFD model. The simulation results indicate that: 

 A serious loss of temporal stability and an erratic behavior in the computed liquid 

saturation for the rolling and stationary tilted beds was found without 

incorporation of the capillary and mechanical dispersion terms in the CFD model. 

 Sliding mesh and moving reference frame approaches exhibited similar results for 

the liquid saturation and pressure drop in a rolling packed bed. 

 The Eulerian two-fluid porous media CFD model coupled with interphase 

momentum exchange terms as well as the capillary and mechanical dispersion 

forces was capable of predicting accurately the transient hydrodynamic behaviors 

of gas-liquid cocurrent downflow packed bed under different roll motions in 

terms of local and cross-sectionally averaged liquid saturation values, pressure 

drop values, and the morphology of excited waves. 

 Column angular oscillation induced secondary transverse displacements of the 

gas and liquid phase in the radial and circumferential directions, which in turn 

caused a breakdown of symmetry distributions in phase saturation, gas and liquid 

velocities, and interphase interaction forces. 

 The validated CFD model demonstrated that an increase of rolling angle and 

period resulted in a decrease of liquid saturation, bed pressure drop, and 

uniformity degree of the liquid distribution due to the progressive development 

of a segregated flow pattern inside the porous medium. 

 Decreasing rolling angle and period provoked additional inertial forces and 

consequently intensified gas-liquid-packing interactions, whereas the magnitude 

of dispersion forces became significant with increasing the rolling angle and 

period. 

 Liquid saturation, pressure drop, and uniformity index were enhanced at higher 

liquid viscosity and diminished at higher density. The higher gas density reduced 
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the liquid saturation, while the pressure drop and uniformity index were 

augmented thereof. 

 The smaller packing particle size intensified all the drag forces and resulted in 

higher liquid saturation, pressure drop, and uniformity index. 

Nomenclature 

A  area of facet (m2) 

�̂�  unit direction vector for the axis of rotation (-) 

𝐶̿q  inertial resistance tensor (1/m) 

dmin  minimum equivalent diameter of the area between three contacting spheres 

dp  particle diameter (m) 

D  column diameter (m) 

�̿�q  viscous resistance tensor (1/m2) 

E1, E2  coefficients of drag force (-) 

𝐹 D,q  total dispersion force exerted on phase q (N/m3) 

𝐹 D,mech,q  mechanical dispersion force exerted on phase q (N/m3) 

𝐹 gl  gas-liquid interaction force (N/m3) 

𝐹 q  total force term exerted on phase q (N/m3) 

𝐹 qs  fluid-solid interaction forces, 𝐹 ls and 𝐹 gs, (N/m3) 

g  acceleration due to gravity (m/s2) 

H  distance from bed inlet (m) 

Kgl  gas-liquid interaction coefficient (kg/ m3/s) 
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Kqs  momentum exchange coefficient of phase q (kg/ m3/s) 

P  pressure (Pa) 

𝑟   position vector (m) 

Sm  spread factor (m) 

t  time (s) 

T  motion period (s) 

𝑢′⃗⃗  ⃗  velocity of the moving frame (m/s) 

U  superficial velocity (m/s) 

UI  uniformity index 

𝑣 D  drift velocity (m/s) 

 𝑣 mesh  mesh velocity (m/s) 

𝑣 q  phase velocity viewed from the stationary frame (m/s) 

𝑣′⃗⃗⃗  q  phase velocity viewed from the moving frame (m/s) 

𝑣𝑡⃗⃗  ⃗  translational frame velocity (m/s) 

Greek Letters 

βq  saturation of phase q (-) 

  rolling angle function (radian) 

  rolling amplitude (radian) 

ɛ  bed porosity (-) 

ɛq  volume fraction of phase q (-) 
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μ  viscosity (kg/m.s)  

ρ  density (kg/m3) 

σ  surface tension (N/m) 

τ  stress tensor (Pa) 

�⃗⃗�   angular velocity (radian/s) 

Subscripts 

D  dispersion 

g  gas 

i  facet index 

l  liquid 

mech  mechanical 

p  particle 

s  solid 
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Chapter 10: Gas-Liquid Mass-Transfer Behavior of 

Packed-Bed Scrubbers for Floating/Offshore CO2 

Capture* 

 

                                                 
* Motamed Dashliborun, A., Larachi, F., Taghavi, SM., 2018. Chemical Engineering Journal, submitted for 

publication. 
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Résumé 

La performance de captage du CO2 à base d'amines des laveurs à lit fixe a été évaluée dans 

une étude systématique utilisant un robot hexapode à six degrés de liberté et une colonne 

embarquée remplie d'éléments structurés (M500X) et d'anneaux Raschig. Les goulots 

d'étranglement potentiels résultant des inclinaisons et oscillations des navires sur les 

performances de transfert de masse du laveur à lit fixe ont été abordés en termes d’aire 

interfaciale gaz-liquide efficace, d'efficacité d'élimination du CO2 et de coefficient 

volumétrique global de transfert de masse. Les résultats ont révélé que les performances 

d'absorption du CO2 dans des conditions offshore s'écartaient de celles mesurées avec les 

laveurs conventionnels à lit fixe vertical/stationnaire. La surface interfaciale gaz-liquide 

effective s'est avérée décroître avec un angle d'inclinaison croissant entre 0 ° et 15 ° pour les 

garnissages structurés et aléatoires. Sous les oscillations de roulis et de roulis + tangage de 

la colonne, l’aire interfaciale s'est également affaiblie de façon monotone avec la période 

d'oscillation. Les résultats de ces travaux indiquent que l'effet des conditions offshore et leurs 

influences sur les performances du lit tassé doivent être soigneusement pris en compte dans 

la conception et la mise à l'échelle d'unités de lavage sujettes à des perturbations marines 

puisque les caractéristiques de transfert de masse peuvent se dégrader avec les inclinaisons 

et les oscillations du laveur à garnissage. 
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Abstract 

The amine-based CO2 capture performance of packed bed scrubbers onboard offshore 

floating vessels was assessed in a systematic study using a hexapod robot with six-degree-

of-freedom motions and an embarked column packed with structured elements (M500X) and 

Raschig rings. The potential bottlenecks stemming from ship tilts and oscillations on the mass 

transfer performance of the packed-bed scrubber were addressed in terms of effective gas-

liquid interfacial area, CO2 removal efficiency, and overall volumetric mass-transfer 

coefficient. The results revealed that the CO2 absorption performance under offshore 

conditions would deviate from those measured with conventional vertical/stationary packed 

bed scrubbers. The effective gas-liquid interfacial area was found to decrease with 

incrementing tilt angle between 0° and 15° both for structured and random packings. Under 

column roll and roll + pitch oscillations, the interfacial area was also found to diminish 

monotonically with the oscillation period. Findings from this work indicate that the effect of 

offshore conditions and their influences on the packed-bed performance should be carefully 

considered in the design and scale-up of scrubber units subject to offshore floating 

perturbations since the mass transfer characteristics of packed beds onboard floating vessels 

are found to degrade with scrubber inclinations and oscillations. 
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10.1 Introduction 

Carbon dioxide (CO2) emissions from anthropic activities are the main greenhouse gases 

contributing to global warming and climate change.1 The sector of transportation, with ca. 

23% contribution in carbon footprint, is an important source of the pollution next to power 

generation and industrial emissions.2 The maritime transport is responsible for ca. 2.5% of 

the global greenhouse gas emissions with current yearly release of ca. 1 billion tons of CO2 

into the atmosphere.3 However, on account of the growth scenarios that are foreseen for 

future economic and energy developments the anticipated CO2 emissions of the shipping 

industry are projected to escalate the current yearly emissions up to 3.1 billion tons by 2050.4 

This is not compatible with the internationally agreed goal of capping worldwide emissions 

to be at least halved from 1990 level by 2050.4 

The design of environmentally-friendly technologies for pollution control is one approach 

being advocated for future maritime economy to accomplish sustainability requirements. 

Installation of scrubbing units for post-combustion capture of carbon oxides from flue gas 

can be contemplated for effluent treatments onboard ships. This solution is practical since in 

2020 the market share of gas scrubbers is estimated at 25% of the world's marine fleet, i.e., 

ca. 20,000 vessels.5 In addition, offshore oil and gas processing activities in remote areas far 

from continental coastlines have led the petroleum industry to install packed-bed scrubbers 

on mobile sea platforms such as floating production, storage and offloading (FPSO) and 

floating liquefied natural gas (FLNG) units for onboard treatment of hydrocarbons extracted 

from undersea reservoirs.6,7 Nevertheless, gas treating systems currently in deployment in 

the maritime sector are mainly replicates of onshore units for which the impact of actual sea 

swell conditions on scrubber performances is seldom accounted for rigorously at the design 

stage. It is argued that atmospheric emissions from offshore vessels liken the same 

phenomenology although onshore studies fail to capture the additional dynamics due to 

oscillations of the hosting scrubber vessel.8,9 

Indeed, complex sea states pose remarkable technical challenges to the operation of onboard 

scrubbers, which may ultimately impede meeting the treatment specifications aimed at during 

their actual operation. Ship oscillations and inclinations initiated by marine swells exhibit 
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dramatic effects on the hydrodynamic performance of gas scrubbers.9-17 Spatial- and time-

resolved measurement techniques such as electrical capacitance tomography (ECT) and 

capacitance wire-mesh sensor (WMS) revealed that gas-liquid distribution in randomly-filled 

packed beds are prone to remarkable deterioration as well as liquid saturation reductions 

because of bed deviations from verticality.9-11,13,14,18,19 Moreover, emulation of ship 

translational (surge, sway, heave) and rotational motions (roll, pitch, yaw) by means of a 

hexapod ship motion simulator was found to cause serious gas-liquid segregation 

accompanied with notable deviations to plug flow in packed beds.9,13,16,17 Spatiotemporal 

measurements obtained from a wire mesh sensor disclosed that column angular motions 

triggered transverse zigzag motion due to roll and swirl motion due to compounded roll + 

pitch in the gas-liquid flow patterns.9,13,16,20 Besides, such spatial discrepancy in gas-liquid 

distribution led to remarkable fluctuations of the pressure signals.13,16,17,20 These findings 

brought to light the strong correlation between phase maldistribution and column 

tilts/oscillations throughout the entire packed bed. Such fluid maldistribution was also 

inevitable in structured packed columns under stationary tilts and rolling motions.12, 20-23 The 

cross-sectional liquid load distribution obtained by the liquid collection method in the lower 

end of the structured packing demonstrated that column stationary inclinations resulted in 

accumulation of liquid in the lower-wall regions, whereas slowly rolling motions provoked 

periodic transverse migration of the liquid across the packing.12 Besides, computational fluid 

dynamic simulations of gas-liquid flows in random and structured packed beds under 

stationary tilts and rolling oscillations were able to predict gas-liquid segregation and 

reduction of liquid holdups due to the lowered downhill-slope and transverse inertial 

forces.24-27 Notwithstanding that exhaustive investigations on hydrodynamic characteristics 

and numerical simulations of packed beds in the context of offshore floating applications 

were carried out by above researchers, there is still a lack of research work to address the 

important problem of gas-liquid mass transfer deviations of packed bed scrubbers under ship 

tilts and motions with respect to classical stationary aboveground units. Thus, there is 

certainly no escape from conducting well-thought and reliable experimental studies to 

characterize the mass transfer performance of floating packed beds.  

Due to its high separation efficiency, the chemical absorption of CO2 into aqueous 

alkanolamine solutions is the most mature technology for CO2 removal from post-
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combustion flue gases and natural fuel gas streams in the onshore industries.26,28-31 CO2 

scrubbing widely relies on packed beds operated with countercurrent gas-liquid flows 

through random or structured packings to enhance direct contact between the gas and liquid 

phases.26,32,33 There exists a colossal amount of research works dedicated to the CO2 

chemical-absorption abatement in vertical stationary countercurrent packed-bed 

columns.30,33 However, experimental mass transfer investigations on extension of these latter 

contactors to account for ship tilts and motions on the CO2 absorption performance of 

offshore floating packed-bed scrubbers are yet to be conducted. Therefore, in this work we 

aimed at studying experimentally an amine-based CO2 capture scheme for onboard floating 

vessel applications based on the use of random and structured packings as commonly 

encountered in gas-treating gas-liquid contactors. A systematic study was conducted using a 

hexapod robot with six-degree-of-freedom motions to investigate the effect of ship tilts and 

oscillations on the mass-transfer performances in anticipation of their behavior onboard 

floating vessels/platforms and thereby filling technical and methodological gaps in the 

marinization of multiphase packed-bed scrubbers. 

10.2 Experimental 

10.2.1 Materials and sample analysis 

Aqueous solutions of monoethanolamine (MEA, C2H7NO, 30 wt. %) were prepared in a feed 

reservoir with fresh MEA (Sigma-Aldrich, ACS reagent, ≥ 99%) mixed with deionized water. 

The MEA concentration was verified through acid titration with a standard HCl solution (1.0 

kmol/m3) and methyl orange indicator. A peristaltic pump was used to supply and control the 

30 wt. % aqueous MEA absorbent (~5 kmol/m3). After leaving the reactor, the spent 

absorbent was collected continuously in a waste reservoir. CO2 and N2 gases with purities of 

≥ 99% were obtained from Praxair Canada Inc. The CO2 ̶ N2 gas mixture (5% v/v CO2) was 

introduced into the reactor as the flue gas simulant. The CO2 content in the feed gas and the 

desired gas flow rate were adjusted by means of calibrated flowmeters. An infrared gas 

analyzer (Advance optima continuous gas analyzer A02000 Series, Uras 14) was used to 

determine the amount of CO2 absorbed in the liquid solution by measuring carbon dioxide 

mole fractions in inlet and outlet gas streams. The full span and origin sensed by the infrared 
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analyzer were calibrated with 5% v/v CO2/N2 and pure nitrogen, respectively. The 

instantaneous readings from the analyzer were transferred to standard PC running LabVIEW 

software for data acquisition. The CO2 mole fractions in the inlet and outlet gas streams were 

averaged over running time of each experiment for both stationary and moving 

configurations. In addition, liquid samples were withdrawn from the reactor bottom to 

analyze their concentration and CO2 loading by means of a Chittick apparatus and a titration 

method.34 The main ancillary components constituting the experimental setup are highlighted 

in Figure 10-1. 

 

 

Figure 10-1 (a) Schematic overview of the experimental setup of the stationary-oscillating 

packed bed with gas-liquid countercurrent flows embarked on hexapod robot simulator, (b) 

structured M500X packing, and (c) gas distributor 

 

10.2.2 Packed column setup 

The laboratory-scale column bound to the hexapod robot for ship motion simulations is 

schematically illustrated in Figure 10-1a. The mass transfer experiments were performed at 

room temperature (25 °C) and atmospheric pressure in a transparent acrylic column with an 
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inner diameter of 57 mm packed up to bed heights of h = 90 cm and 45 cm with two different 

types of packing: plastic Raschig rings and Mellapak 500X (M500X) structured packing 

elements. Table 10-1 summarizes the packing properties as well as the tested experimental 

conditions and fluid properties. Gas and liquid throughputs were swept to encompass both 

the low-interaction pre-loading and high-interaction loading zones for both random and 

structured packings. As far as visual observations during packed bed operation under 

stationary and oscillating configurations were concerned, no flooding was detected in 

columns packed with the Raschig ring and M500X packings. Since the structured packing 

elements were not perfectly cylindrical to match the reactor wall, the elements were placed 

end to end and wrapped tightly in a plastic sheet before inserting them into the column to 

prevent bypass flow of the liquid or gas on the side of M500X elements (Figure 10-1b). A 

proper design of the gas-liquid distributor is crucial in packed-bed reactors to ensure uniform 

inlet distribution of the fluids in order to avoid the propagation of fluid maldistribution 

initiated at the bed entrance to the rest of packed bed columns. Thus, for a countercurrent 

mode of operation, a spray nozzle uniformly distributed the liquid phase over the top of the 

packings. Similarly, the gas was fed from the bottom of the column through a multipoint 

Teflon-metal device carrying out the dual function of gas feed and discharge of the exiting 

liquid (Figure 10-1c). This device consisted of 22 needle orifices with 0.4 mm inner diameter 

for the gas supply and 9 capillaries with 1 mm inner diameter for the liquid evacuation. 

Table 10-1 Experimental conditions and packing properties 

Parameter Value/Range 

Gas superficial velocity, UG 6.66 – 23.1 cm/s 

Liquid superficial velocity, UL 0.666 – 2.33 mm/s 

Liquid phase density,35 ρL 1010 kg/m3 

Liquid viscosity,35 μL 0.00231 Pa.s 

Liquid surface tension,36 σL 0.06041 N/m 

Gas density,37 ρg 1.18 kg/m3 

Gas viscosity,37 μG 1.83×10-5 Pa.s 

Henry’s coefficient,38 HCO2  3560 kPa.m3/kmol 

Diffusivity of CO2,
39 DCO2,L 1.26×10-9 m2/s 

Diffusivity of MEA,35 DMEA,L 6.9×10-10 m2/s 

  

Plastic Raschig ring:14  

nominal size 6 mm 
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Bed porosity, ɛ 0.73 

Specific surface area, ag 789 m2/m3 

Hydraulic diameter,40 dh 0.0037 m 

Radial variation of porosity,41 ɛr ɛr = 1-(1-ε){1-exp[-2(r-x/dp)
2]} 

Mellapak 500X:32  

Element height 0.225 m 

Void fraction, ɛ 0.91 

Specific surface area, ag 500 m2/m3 

Corrugation angle 60° 

Hydraulic diameter,40 dh 0.0073 m 

 

To simulate floating scrubber conditions onboard ship, the packed bed was firmly installed 

on the hexapod platform (Figure 10-1a). In the present study, the hexapod robot was imparted 

sinusoidal motion paths with adjustable parameters given by: p = Apsin(2πft+ϕ) with Ap is 

the amplitude (mm for translation or degree for rotation); f is the frequency (Hz); t is the 

running time and ϕ is the phase lag. The six-degree-of-freedom motions including 

translations (surge, along Y direction; sway, along X direction; heave, along Z direction) and 

rotations (roll around Y axis; pitch around X axis; yaw around Z axis) as well as combined 

roll + pitch motions (RY + RX) were examined in the current study. Stationary vertical (0°) 

and tilted (5°, 10°, and 15°) column postures were also included in the experiments for 

comparative purposes. Table 10-2 summarizes the programmed parameters for the robot 

motion covering typical offshore conditions of a ship.42,43 More information on the hexapod 

ship motion simulator and representative video clips of the tested motions can be found in 

our previous works.9,13 Under each motion and stationary position, it was ensured that the 

carbon dioxide concentration in the gas flow leaving the column was recorded after stable 

operation has been reached. 

Table 10-2 Hexapod kinematic parameters during column oscillations 

Motion motion period (s) Phase (°) Amplitude (mm or °) 

Roll (RY) 5.0/ 10.0/ 20.0/40.0 0  [-15°– +15°] 

Roll + Pitch 

(RY + RX) 

5.0/ 10.0/ 20.0/40.0 90° for RX & 0° for RY [-15°– +15°] &  [-15°–+15°] 

Yaw (RZ) 5.0 0 [-15 – +15°] 

Heave (TZ) 5.0 0 [-200 – +200] mm 

Sway (TY) 5.0 0 [-250 – +250] mm 
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10.3 Methodology 

Among the various mass-transfer descriptors, namely, effective gas-liquid mass-transfer area 

(ae), and liquid-side (kL) and gas-side (kG) mass-transfer coefficients, the first one is 

commonly used to evaluate the performance of packed-bed scrubbers, particularly for CO2 

capture by aqueous amine solutions.44 Since the reaction between CO2 and MEA, a primary 

amine, is fast enough to be confined by the slower diffusion to the interface, the effective 

interfacial area becomes an important mass-transfer parameter controlling the absorption flux 

of CO2 within packings.44 This is emphasized from the predictions of rate-based models for 

column design and process simulation, which expose sensitivity of mass transfer fluxes to 

the value of effective area.45,46 In addition, whether column tilts and motions can influence 

or not the gas-liquid interfacial area inside packings, and thus gas-liquid mass transfer fluxes, 

is an issue which needs experimental verification. Therefore, a detailed knowledge focusing 

on the effective area in packed bed scrubbers to emulate offshore conditions is of 

significance. 

Chemical absorption in the fast reaction regime has been widely used to determine the 

effective interfacial area in packed beds.33 In this work, the chemical absorption of CO2 into 

an aqueous solution of high MEA concentration was selected to gain insights on the 

dependence of the effective area with respect to imposed movements or inclinations of 

(floating) packed-bed scrubbers. MEA as an important industrial absorbent has been widely 

applied for CO2 capture in post-combustion flue gases owing to its low cost and high reaction 

rate.29 Furthermore, the CO2-MEA reaction in the liquid phase is quite fast resulting in a 

noticeable enhancement of absorption in comparison with physical absorption, and thus the 

gas-liquid interfacial area governs the absorption rate. Nevertheless, the reaction kinetics and 

the chemical absorption system must fulfill several conditions in order to determine the 

effective interfacial area:33,47 (1) negligible gas-side mass-transfer resistance, (2) fast 

consumption of dissolved CO2 in the liquid diffusional film nearby the interface, (3) 

negligible depletion of MEA in the liquid film, (4) irreversible reaction between MEA and 

CO2. Negligible gas-phase resistance ensures that CO2 concentration at the gas-liquid 
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interface equals that in the bulk gas. Fulfillment of constraints (2-4), leading to Hatta numbers 

(Einf >> Ha > 3) for fast-enough reactions enhancing appreciably the rate of mass transfer 

compared to physical absorption, ensures that the enhancement factor (E) approximately 

equals Ha (Ha ≈ E) to eliminate the dependence to liquid-side mass-transfer coefficient of 

the mass transfer flux.48 The third constraint, on the other hand, satisfies the assumption of a 

pseudo-mth reaction order relative to dissolved CO2 by virtue of which a relatively constant 

concentration of MEA is preserved in the liquid film.48 Hatta number, the ratio of the 

maximum reaction rate in the film to the maximum rate of diffusional mass transfer through 

the film in absence of reactions,49 is defined as Equation 1:33 

Ha =  

√ 2
𝑚 + 1𝑘𝑚𝑛𝐶A

𝑚−1𝐶B
𝑛𝐷A

𝑘L
 

(1) 

where CA and CB are the concentration of absorbed gas at the surface of the liquid phase and 

the reagent concentration in the bulk liquid, respectively. DA is the diffusivity of the reacting 

gas species dissolved in the liquid phase and kmn is the rate constant of (m, n)th-order reaction. 

The kinetics of CO2 carbamation in MEA solutions has been extensively studied in the 

literature50 where the two-step zwitterionic mechanism51,52 has been shown to represent 

adequately this reaction. This mechanism assumes a direct reaction between CO2 and MEA 

to form a zwitterion (Equation 2) followed by its deprotonation by means of all bases present 

in the aqueous solution (Equation 3): 

CO2 + RNH2

𝑘2
↔
𝑘−1

 RNH2
+COO− (2) 

RNH2
+COO− + B

𝑘𝑏
↔ RNHCOO− + BH+ (3) 

where k2 and k-1 are the forward and reverse rate constants of Reaction (2), respectively. kb 

denotes the forward rate constant of Reaction (3). The base B can be any base in the solution 

(i.e., RNH2, OH-, and H2O). 

Applying the Bodenstein (pseudo-steady state) approximation to the zwitterion leads to the 

following expression (Equation 4) for the overall forward reaction rate obtained based on the 
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assumption of irreversible deprotonation of the zwitterion by the different bases, B, in the 

solution: 

𝑅CO2
= 

𝑘2𝐶RNH2
𝐶CO2

1 +
𝑘−1

∑𝑘b𝐶B

 
(4) 

According to Versteeg et al.,50 the zwitterion formation reaction (Equation 2) is the rate-

determining step, since the deprotonation of the zwitterion (Equation 3) is very fast as 

compared to the reverse reaction in Equation 2 (k-1/∑kbCB ≪ 1). Hence, the overall reaction 

rate takes a second-order form, first order with respect to both CO2 and MEA, and is 

expressed as Equation 5: 

𝑅CO2
= 𝑘2𝐶RNH2

𝐶CO2
 (5) 

where k2 can be estimated by an Arrhenius-type equation as follows:50 

𝑘2 =  4.4 × 1011𝑒𝑥𝑝 (−
5400

𝑇
) 

(6) 

 10.3.1 Determination of effective interfacial area 

Following the above assumptions, the chemical absorption system applied in the present 

work was examined to satisfy those constraints for the determination of effective interfacial 

areas. The assumption of a negligible gas-side resistance in comparison with the liquid-side 

resistance was checked using values of the gas-side (kG) and liquid-side (kL) mass-transfer 

coefficients estimated from correlations by Rocha et al.53 and Billet and Schultes40. The 

estimated kG and kL values were, respectively, in the range 2.65 × 10-3 ̶ 1.15 × 10-2 m/s and 

5.7 × 10-5 ̶ 8.92 × 10-5 m/s leading to kG/kL = 46 ̶ 203. Furthermore, the conditions of 3 < Ha 

<< Einf (more precisely Ha < 0.2Einf
 44 or Ha < 0.5Einf

 54) were always met for each experiment 

of CO2 absorption with aqueous MEA solution in packed bed reactors. With respect to 

Equations 1 and 5, m = 1 and n = 1 for the CO2-MEA reaction, Hatta number is defined 

accordingly: 
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Ha =  
√𝑘2𝐶MEA𝐷CO2

𝑘L
 

(7) 

The limiting case of absorption whereby the mass-transfer rate is solely governed by 

diffusion of the reacting species, the enhancement factor for absorption under instantaneous 

reaction, Einf, can be approximated using the penetration theory as Equation 8:48 

𝐸inf = √
𝐷CO2,L

𝐷MEA,L
+ √

𝐷MEA,L

𝐷CO2,L
 
𝐶MEA𝐻CO2

2𝑃CO2

 

(8) 

where HCO2 and PCO2 are the Henry’s law constant and CO2 local partial pressure in the gas 

phase, respectively. Following the double-film model of mass transfer, the enhancement 

factor, E, can be expressed as a function of Ha:55 

𝐸 =  
Ha

tanhHa
 

(9) 

For the experimental conditions of this work, in which MEA was present in great excess in 

the liquid bulk (CMEA = 5 kmol/m3) and the CO2 partial pressure was small enough (PCO2 = 

5 kPa), Einf was always large enough to satisfy the assumption of negligible depletion of 

MEA in the liquid film (Einf > 1000). In addition, highly reactive CO2 (Equation 6) with MEA 

along with high MEA concentration and relatively low kL, as estimated above, led to large 

Hatta number (Ha > 80), thereby fulfilling the criterion of a fast reaction regime for 

consumption of dissolved CO2 nearby the liquid film interface. Consequently, the 

enhancement factor was approximately equal to Hatta number (E ≈ Ha) corresponding to 

mass transfer conditions lying on the first bisector of the well-known van Krevelen-Hoftijzer 

diagram.33,44,56 Since the CO2 partial pressure was low and free MEA available for reaction 

with CO2 was present in relative excess, the reaction can be considered as pseudo-first order. 

Besides, for the MEA-CO2 conditions of the present work the reaction between MEA and 

CO2 was assumed irreversible. This was always checked by measuring the CO2 loading and 

calculating the back-pressure of CO2 in aqueous MEA solutions at the top and bottom of the 

column according to the equilibrium data of Jou et al.57. Values of the CO2 back-pressure 

were quite negligible compared to the partial pressures of CO2 in the gas, indicating that the 
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reverse reaction can be ignored without significant error. Similar assumptions were also 

made by researchers in the literature for CO2-MEA absorption systems with low CO2 back-

pressure.29,30,48,58 

 

 

Figure 10-2 Illustration of gas-liquid mass transfer process in packed-bed reactors: (a) gas-

liquid interaction inside packing, (b) typical concentration profiles of CO2 absorption into 

liquid, (c) concentration profiles during the chemical absorption under a fast pseudo-first-

order reaction regime 

 

A schematic illustration of the gas-liquid mass-transfer process in packed beds is shown in 

Figure 10-2 as representative phenomena including (a) gas-liquid interaction inside packing, 

(b) typical concentration profiles of CO2 absorption into liquid, and (c) concentration profiles 

during the chemical absorption under a fast pseudo-first-order reaction regime. The 

performance of the packed-bed scrubber can be assessed by the overall resistance against 

mass transfer between the two phases as expressed in a series relationship of each phase 

contribution: 
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1

𝐾G
= 

1

𝑘G
+

𝐻CO2

𝐸𝑘L
 

(10) 

here the increase in mass transfer due to the chemical reaction compared to physical 

absorption is involved through an enhancement factor, E. The mole flux of CO2 (NCO2) 

transferred from the gas phase into the liquid phase in the presence of a pseudo-first-order 

reaction can be represented according to the Danckwerts mass-transfer model as Equation 

11:48 

𝑁CO2
= 𝑘L√1 + Ha2(𝐶CO2

i − 𝐶CO2

∗ ) =  
𝑘𝐿

𝐻CO2

√1 + Ha2(𝑃CO2

i − 𝑃CO2

∗ ) 
(11) 

in which E = √1 + 𝐻𝑎2. For the experimental conditions covered in this study, Ha2 >> 1, 

thus the enhancement factor and the Hatta number (Equation 7) were almost equal. 

Substituting Equation 7 into Equation 10 results in the following expression for the overall 

mass-transfer coefficient: 

1

𝐾G
= 

1

𝑘G
+

𝐻CO2

√𝑘2𝐶MEA𝐷CO2

 
(12) 

Since the contribution of the gas-side resistance (1/kG) on the overall mass-transfer resistance 

was quite low (max. 2%), KG was presumed equal to the second term of Equation 12. 

Moreover, the following expression (Equation 13) was derived for the determination of the 

overall volumetric mass-transfer coefficient:44,59 

𝐾G𝑎e =

𝑈Gln (
𝑦CO2,G,in

𝑦CO2,G,out
)

ℎ𝑅𝑇
 

(13) 

where ae is the effective gas-liquid interfacial area, h is the packed bed height, R is universal 

gas constant, T is temperature, and UG is gas superficial velocity. yCO2,G,in and yCO2,G,out 

signify CO2 mole fractions in the gas phase at the reactor inlet and outlet, respectively. Based 

on the assumptions made earlier, the effective area can be separated from KGae and estimated 

as Equation 14:44,59 
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𝑎𝑒 =

𝑈Gln (
𝑦CO2,G,in

𝑦CO2,G,out
)

ℎ𝑅𝑇𝐾G
≈

𝐻CO2

√𝑘2𝐶MEA𝐷CO2

𝑈Gln (
𝑦CO2,G,in

𝑦CO2,G,out
)

ℎ𝑅𝑇
 

(14) 

More details about the theoretical background and mathematical derivations for the 

determination of effective areas in the presence of chemical reactions can be found 

elsewhere.33,48,60 

10.4 Results and Discussion 

10.4.1 Effective gas-liquid interfacial area 

Static Column. Figure 10-3 represents the experimentally determined gas-liquid interfacial 

area as a function of tilt angle for the stationary column packed with the structured packing 

elements (M500X) and Raschig rings. The interfacial areas were determined under dry mode 

in which packings were not pre-wetted before performing the experiments. At given gas and 

liquid throughputs, the interfacial area exhibited a decrease with incrementing tilt angle in 

both structured and random packings though with different slopes. This reduction of the gas-

liquid interfacial area can be attributed to fluid maldistribution arising from inclining the 

vessel by 5°, 10°, and 15°. Recent investigations on the hydrodynamics of countercurrent 

gas-liquid flow in slanted packed beds showed that column deviation from the upright posture 

prompted the emergence and development of permanent gas-liquid disengagement zones 

inside both random14 and structured12,21,22 packings. Such segregation facilitates gas 

migration towards the upper wall and redirects the major part of the liquid along the column 

lower wall where the liquid flow experiences less resistance consequently shortening its 

residence time (see cartoon in Figure 10-3). Accordingly, gas-liquid contacting areas are 

diminished and hence only a lower portion of the packing is involved in the gas-liquid mass 

transfer process. 
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Figure 10-3 Effect of tilt angle on effective gas-liquid interfacial area in a column packed 

with M500X and Raschig ring: UG = 0.0666 m/s, UL = 0.00066 m/s, h = 90 cm 

 

Comparison of M500X and Raschig ring in terms of the interfacial area revealed higher 

values at all tilt angles for the structured versus the random packing, even though the specific 

(geometric) area of Raschig ring (ag = 789 m2/m3) was higher than that of M500X (ag = 500 

m2/m3). The decrease of interfacial area for the Raschig ring packing was more pronounced 

the higher the tilt angle, e.g., at θ = 15°. This observation highlights the fact that structured 

packings exert a beneficial hydraulic resistance crosswise to oppose liquid accumulation in 

the column lower-wall regions which, in comparison, random packing have difficulties to 

achieve. Therefore, structured packings fare better than random packings with provision for 

the former of more wetted areas for the CO2 absorption. Indeed, the specific area was 

effectively utilized in the vertical structured packed bed (0°) owing to the packing 

characteristics for liquid redistribution within the bed. This is in accordance with literature 

findings that structured packings perform better on an interfacial area basis than random 

packings.50 

Moving Column. The effective interfacial area was determined for the M500X and Raschig 

ring packings after the column was submitted to roll motion at different periods. In this work, 

the center of rotation position was chosen at the lower column end as a commonly used initial 

base in most of former studies.9,12,24,25 From Figure 10-4, it can be seen that the interfacial 

areas decreased monotonically as the motion period of the rolling packed bed increased. 

Since under roll motion, the column angular coordinate (θ) continuously oscillated from +15° 
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to -15° over one-half period (see cartoon in Figure 10-4), the liquid (or gas) flow within the 

packing was periodically tossed around in its course to track the restless lower-wall (upper-

wall) regions.9,12,17 As the rolling motion quietened (larger periods), there was a growing 

tendency for development of gas-liquid segregated zones in the bed, which in turn 

contributed to decrease the liquid coverage of the packing and thus the absorption of CO2 

into aqueous amine solution. 

 

 

Figure 10-4 Effective gas-liquid interfacial area in M500X and Raschig ring packings under 

column roll motion: UG = 0.0666 m/s, UL = 0.00066 m/s, h = 90 cm, θ = ±15° 

 

Interfacial area values of the M500X and Raschig ring packings under column roll motions 

were also compared with those of the corresponding stationary vertical packed beds as shown 

in Figure 10-4 using horizontal lines of different colors. It should be indicated that the 

interfacial area for the conventional stationary vertical beds was determined under two 

packing conditions: (1) non-pre-wetted or dry mode (dashed lines) (2) wetted mode in which 

packings were perfectly pre-wetted prior to performing the experiments (solid lines). 

Expectably, the gas-liquid interfacial area for the dry beds was lower than that of pre-wetted 

beds. The column roll motion, on the other hand, exhibited an improvement on the mass-

transfer area, particularly compared to the dry packing mode. This boost can be ascribed to 

secondary transverse displacements of the liquid in the cross section of rolling packed beds 
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which enable irrigating and thus wetting more packing areas. Although the gain in contacting 

area by means of high-period rolling motions (20 s and 40 s) was remarkable in comparison 

with the interfacial area for the stationary vertical dry bed, these high-period motions resulted 

in lower values of the interfacial area as compared to that of the stationary vertical wetted 

bed. On the contrary, low-period rolling motions (5 s and 10 s) countered gas-liquid 

segregation in a more efficient manner as compared to the stationary configurations. In 

addition, the interfacial areas of Raschig ring packing were always lower than those of the 

M500X packing for identical motion conditions. It is noteworthy to mention that the above 

findings about the effect of column static tilt and roll motion on the effective interfacial area 

remained also valid at high gas and liquid throughputs as illustrated in Figure 10-5. 

Furthermore, a comparison between the experimental results and data from correlations 

developed by Bravo et al.61 and Henriques de Brito et al.54 for the stationary vertical packed 

bed showed an average error of 15% (Figure 10-5). 

 

 

Figure 10-5 Examination of the effect of static tilt and roll motion on effective interfacial 

area in M500X packing under high fluid throughputs: UG = 0.231 m/s, UL = 0.0023 m/s, h = 

90 cm 
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Superimposition of roll and pitch motions with equal frequencies (Table 10-2) of the column 

influenced the effective interfacial area in both structured and random packings (Figure 10-

6). Reduction of the interfacial areas monotonically decreased with increasing the motions 

period likening the trend reported in the case of rolling packed beds. Meanwhile, the roll + 

pitch motion dramatically enhanced the mass-transfer area as compared to stationary vertical 

beds without pre-wetting. Interestingly, the M500X packing was found to be not adversely 

affected in the course of alternative takeover of roll and pitch due to 90° phase lag whereas 

only the oscillation period of 40 s kept the interfacial area of Raschig-ring packed bed lower 

than that corresponding to the stationary vertical wetted bed. This stresses out a more 

detrimental impact of the roll motion in comparison with the roll + pitch motion in agreement 

with literature findings.16,21 The main difference between the roll and roll + pitch motions 

lies in the way the column rotates. While the roll motion brings the bed periodically across 

vertical postures, the roll + pitch motion keeps the bed in permanent tilting postures while 

being rotated around a central vertical axis. 

 

 

Figure 10-6 Effect of roll + pitch motion on effective gas-liquid interfacial area in a column 

packed with M500X and Raschig ring: UG = 0.0666 m/s, UL = 0.00066 m/s, h = 90 cm 
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Besides, the effect of column non-tilting motions on the effective interfacial area in the 

M500X and Raschig ring packings was also investigated. Figures 10-7 illustrates the 

interfacial areas when subjecting the packed beds to heave (vertical column sliding up and 

down, TZ), sway/surge (vertical column moving forward and backward, TY or TX), and yaw 

(vertical column wobbling around its revolution axis, RZ) motions. The interfacial areas 

determined for stationary vertical beds were also depicted for comparison. As illustrated, the 

interfacial areas under translational motions were more or less comparable with that of a 

stationary vertical bed that was pre-wetted, though for the yaw motion, the interfacial areas 

tended to be slightly lower. Yet, all non-tilting oscillations of the column led to an 

enhancement of the interfacial area as compared to the static dry beds. This is attributable to 

the limited contribution of column accelerations tending to disperse the liquid within 

packings. It is worthy of mention that interfacial areas determined for the conventional 

vertical packed bed in this work were compared with data from the widely used Billet and 

Schultes correlation40 which was seen to capture our measured interfacial areas within 15% 

average error (Figure 10-7). 

 

 

Figure 10-7 Effective gas-liquid interfacial area in M500X and Raschig ring packings under 

non-tilting motions: UG = 0.0666 m/s, UL = 0.00066 m/s, h = 90 cm 
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10.4.2 Absorption performance evaluation 

In order to evaluate the CO2 capturing performance of packed-bed scrubbers, a CO2 removal 

efficiency can be defined by Equation 15 on the basis of CO2 mole fractions in inlet and 

outlet gas streams:62 

CO2 removal = [1 − (
𝑦CO2,G,out

1 − 𝑦CO2,G,out
)(

1 − 𝑦CO2,G,in

𝑦CO2, G,in
)] × 100 (15) 

Where yCO2,in and yCO2,out are, respectively, the mole fractions of CO2 in the gas streams 

entering and exiting packed bed scrubbers. 

Figure 10-8 shows the influence of column static tilts and angular oscillations on the 

efficiency of CO2 absorption in the M500X and Raschig ring packings. To understand the 

contribution of packed bed height on the CO2 removal efficiency under floating conditions, 

the results of two bed heights, h = 90 cm and 45 cm, were also reported. Besides, the actual 

performance of the M500X and Raschig ring packings was differentiated through 

considering the column height requirement to achieve a certain CO2 removal target. 

According to Figure 10-8a, ca. 90% CO2 capture in the M500X packing took place within 

only 0.45-m bed height, while the Raschig ring packing required as high as 0.90 m to achieve 

the same removal target. The CO2 removal efficiency displayed the expected decrease with 

column tilting (Figure 10-8a). Such trend coincided with a monotonic decline of the gas-

liquid interfacial area over an increasing bed tilt angle (Figure 10-3). As highlighted earlier, 

column deviation from verticality provoked gas-liquid disengagement in the packings, 

thereby mirroring a loss of mass-transfer efficiency. Furthermore, an increasing oscillation 

period for packed beds under roll and roll + pitch motions translated into a reduction of the 

absorption performance as exposed from the negative slopes of CO2 removal efficiency in 

Figures 10-8b and 10-8c, respectively. 
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Figure 10-8 CO2 absorption performance of M500X and Raschig ring packings for two bed 

heights under (a) static tilt, (b) roll, and (c) roll + pitch. UG = 0.0666 m/s, UL = 0.00066 m/s 

 

The packing height has an important effect on the removal efficiency of CO2 for the random 

packing (Figure 10-8a) where the lower the bed height, the lower the CO2 removal efficiency. 

The structured packing, nevertheless, manifested a relatively comparable efficiency for two 

bed heights underlining a strong correlation between quality of gas-liquid distribution within 

packing and bed height required for CO2 removal. However, drop in efficiency by up to ca. 

10% occurred at 15°-tilt for the M500X packing by halving the bed height (Figure 10-8a). 

This would imply taller vessels under actual offshore floating conditions to compensate for 

the drop in removal efficiency. The superior performance of the M500X packing in capturing 

of CO2 was also evident from the higher values of the corresponding overall volumetric mass-

transfer coefficient (KGae) in Figure 10-9. KGae (Equation 13) gathers contributions from 

chemical kinetics, gas solubility, and hydrodynamics.62 However, since the two former were 

invariant in all experiments, reduction of the overall mass transfer coefficients is only 

mirroring the contribution of packed bed hydrodynamics as reflected in the reduction of the 

effective gas-liquid mass transfer area due to inclined or oscillating configurations of the 

packed bed columns. The comparison of mass-transfer coefficient values shown in Figures 
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10-9a, 10-9b, and 10-9c between the M500X and Raschig ring packings corroborated the fact 

that a desired CO2 capture can be accomplished in a shorter bed height if the M500X packing 

is used. 

 

 

Figure 10-9 Overall volumetric mass-transfer coefficient of M500X and Raschig ring 

packings for two bed heights under (a) static tilt (b) roll, and (c) roll + pitch. UG = 0.0666 

m/s, UL = 0.00066 m/s 

 

10.5 Conclusion 

A hexapod robot with six-degree-of-freedom motions, i.e., translations (surge, sway, heave) 

and rotations (roll, pitch, yaw), was used to emulate carbon dioxide scrubbing units onboard 

floating/offshore vessels packed with both structured packing elements (M500X) and 

Raschig rings. Gas-liquid mass transfer tests were carried out by contacting counter-currently 

CO2/N2 gas mixtures with 30 wt. % monoethanolamine (MEA) aqueous solutions. CO2 

conversion in the gas phase was measured by adjusting the operating conditions to 

correspond to the fast chemical absorption regime in the liquid film in order to give access 
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to the gas-liquid interfacial areas under various motion excitations (amplitudes, phase lag, 

frequency) of the hexapod.  

The experimental results revealed a loss of mass-transfer efficiency rationalized in terms of 

a decrease of the effective gas-liquid interfacial area as the column deviates from verticality 

as a result of degrading gas-liquid transversal distribution in the packings. An increasing 

motion period for packed beds under roll and roll + pitch oscillations resulted in further 

decline in absorption performances. Interfacial areas under translational motions deviated 

relatively less with respect to that prevailing of stationary vertical columns after bed pre-

wetting. However, whichever imposed column oscillations an improvement of the effective 

interfacial area was obtained in comparison with stationary non-prewetted (dry mode) packed 

bed. In addition, the M500X structured packing was found to outperform random Raschig 

ring packings in all packed bed configurations. The CO2 removal efficiency was sensitive to 

packing height with more pronounced drops with increasing tilt angle of short-height beds 

packed with random packings. 

The main outcome of this explorative study was to disclose the fact that packed bed tilts and 

angular motions stemming from marine conditions could adversely affect the mass transfer 

process inside both random and structured packings, which in turn cause reductions of unit 

operation efficiency. Moreover, the experiments under angular moving conditions revealed 

that the performance of packed-bed scrubbers depends on the motion period. While 

increasing the oscillation period led to a reduction of the CO2 removal efficiency, short 

periods enhanced the performance. These findings suggest that consideration of limitations 

related to bed inclination or oscillation as encountered in marine conditions is compulsory 

for reliable design of onboard packed-bed scrubbers for treatment of flue/fuel gas streams in 

sea conditions. 

In order to design industrial packed-bed scrubbers for offshore gas treatments, a 

comprehensive validation/adaptation is necessary regarding mass transfer correlations and 

hydrodynamic parameters in order to calculate column height and diameter to achieve 

specified separation targets. To achieve robust transition towards reliable design tools for 

scrubbers in sea contexts, much more measurements would be necessary with different bed 

heights and diameters, packing size and type, and more diverse operating modes accounting 
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for various transient sea conditions. Ultimately, rigorous hydrodynamic and mass transfer 

models should be developed based on first-principles approach and dimensionless numbers 

pertinent to the marine context which allow sizing and rating packed-bed scrubbers onboard 

floating platforms. 

Nomenclature 

Ap  amplitude (°/mm) 

ae  effective interfacial area (m2/m3) 

ag  specific surface area of packing (m2/m3) 

C  molar concentration (kmol/m3) 

D  diffusion coefficient in the liquid phase (m2/s) 

dp  particle diameter (m) 

E  enhancement factor 

Einf  enhancement factor for an infinitely fast chemical reaction 

f  frequency (Hz) 

HCO2  Henry’s law coefficient for CO2 (kPa.m3/kmol) 

H  bed height (m) 

Ha  Hatta number 

KG  overall mass-transfer coefficient (kmol/m2.kPa.s) 

k2  second-order reaction constant (m3/kmol.s) 

kG  gas-side mass-transfer coefficient (kmol/m2.kPa.s) 
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kL  liquid-side mass-transfer coefficient (m/s) 

NCO2  molar mass-transfer flux (kmol/m2.s) 

PCO2  partial  pressure of CO2 (kPa)  

R  universal gas constant (8.314 kPa.m3/kmol.K)  

RCO2  reaction rate (kmol/m3.s) 

r  radius of the column (m) 

T  temperature (K) 

t  time (s) 

U  superficial velocity (m/s) 

y  mole fraction in the gas phase 

x  radial position (m) 

Greek Letters 

Ɵ  tilt angle/angular position during tilting motion (°) 

ε  spatial-averaged liquid saturation 

εr  porosity in radial position 

ϕ  phase lag 

μ  viscosity (Pa.s) 

ρ  density (kg/m3) 

σ  surface tension (N/m) 
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Subscripts 

A  gaseous reactant 

B  liquid reactant 

G  gas 

L  liquid 

in  inlet 

out  outlet 

Superscripts 

i  gas-liquid interface 

*  equilibrium 

Abbreviations 

CO2  carbon dioxide 

MEA  monoethanolamine 
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11.1 Key Contributions and Conclusions 

As far as unconventional reactor configurations are concerned, the features under scrutiny 

cannot be transposed on a one-to-one basis and thus insights are required on the new reactor 

configuration. In particular, it must account for moving reactor approaches such as offshore 

floating packed-bed reactors and scrubbers, whose hydrodynamics may be radically different 

from still vessel geometries. A basic understanding of the hydrodynamic parameters is 

essential for their design, scale-up and performance prediction. Hence, the aim of this 

research was to provide a comprehensive knowledge about the influence of marine swells on 

the performances of multiphase packed-bed reactors in the context of offshore industrial 

applications. Systematic experimental and numerical studies were conducted using a 

hexapod ship motion emulator and embarked laboratory-scale packed beds with different 

gas-liquid contacting modes. To scrutinize instantaneously and locally the gas-liquid flow 

dynamic features, a twin-plane ECT and WMSs were applied. In addition, the global two-

phase pressure drop and the tracer pulses were also monitored in the course of the packed 

bed oscillations. The main contributions of this research work could be summarized for four 

main topics as follows: 

 Hydrodynamic characterization: Bed pressure drop, fluid distribution, liquid 

saturation, flow regime transition, and deviation from liquid plug flow were 

experimentally examined for offshore floating packed beds with gas-liquid cocurrent 

downflow (Chapters 2 & 7) and upflow modes of operation (Chapter 3) and the 

obtained results were compared with that corresponding to the conventional 

stationary vertical (onshore) configuration. The effect of ship tilts and accelerations 

on the hydrodynamic behavior of column packed with open-cell solid foams as 

prospective structured packings was investigated as well (Chapter 4). In these studies, 

maldistribution sensitivity and susceptibility of packed-bed columns subject to 

inclinations and motions were interpreted through monitoring a fluid uniformity 

factor. Analysis of experimental results revealed that increasing the column tilt angle 

noticeably deteriorated uniformity of fluid distribution in the packings due to the 

gravity-driven force pulling liquid to the lower wall regions and forcing the gas phase 

to migrate toward the upper wall regions. While non-tilting motions (heave, yaw or 
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surge, sway) marginally influenced the flow characteristics inside the packed beds as 

regard the stationary upright beds, column roll and roll + pitch motions or the so-

called tilting oscillations induced periodic gas-liquid segregation, oscillating pressure 

and liquid saturations due to secondary transverse displacements of fluids in radial 

and circumferential directions. Higher periods of tilting motions prompted 

temporarily gravity-driven segregated flow patterns inside the packing which resulted 

in the mitigation of gas-liquid interactions and the shift of trickle-to-pulsing flow 

transition boundary towards higher velocities. Besides, the rolling packed beds 

exhibited an intermittent pulsing flow regime, the emergence of which coincided with 

straightening of the column posture during oscillations. The residence time 

distribution (RTD) experiments showed that the liquid flow became more dispersive 

during motions and caused a reduction in the Péclet number with increasing tilt angle 

and period. Deviations from the liquid plug flow character were more pronounced in 

the course of column roll and roll + pitch oscillations. Albeit FPSO can be considered 

as an economical way for developing offshore natural resources, findings from the 

above studies prefigured that column tilt and oscillations stemming from marine 

swells in deep water could adversely influence the fluid phase distribution inside the 

embarked packed beds, which would ultimately result in reductions of unit operation 

efficiency. Therefore, offshore floating production units ought to take into account 

the influence of marine swells and their detrimental impacts on the packed bed design 

to ensure onboard operation capable of achieving the specified capacities within 

allowable uncertainty bounds. 

 Process intensification: Examination of various cyclic operation strategies for the 

packed bed undergoing ship tilts and motions in terms of liquid saturation, pressure 

drop, wave intensity and wave propagation velocity, and spatial liquid maldistribution 

disclosed that flow rate modulation could be envisaged as a process intensification 

tool for offshore floating packed-bed reactors (Chapter 5). Although bed deviations 

from the vertical position noticeably decayed liquid waves excited by different cyclic 

operation strategies, ON-OFF liquid and gas/liquid alternating cyclic operations 

showed an attempt to conserve wave identity in the packed bed and to decrease fluid 

maldistribution stemming from bed inclinations. Alternating passage of gas- and 
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liquid-rich phases through the packed bed was also found to considerably decrease 

fluid maldistribution in oscillating packed beds.  Furthermore, a new low-shear 

rotating reactor concept was introduced for process intensification of heterogeneous 

catalytic reactions in cocurrent gas-liquid downflow and upflow packed-bed reactors 

(Chapter 6). The experimental results revealed that depending on fluid flow rate and 

gas-liquid contacting mode rotating the bed with velocities up to 60 rpm can 

substantially improve the crosswise uniformity of fluid distribution. In addition, a 

delay in inception of the pulse flow regime in cocurrent downflow packed beds was 

occurred because of the column rotation, whereas the bubbly-to-heterogeneous flow 

transition boundary in cocurrent upflow was dramatically shifted to lower gas 

velocities with increasing rotational velocity. More flexibility in adjusting pressure 

drop, liquid saturation, liquid residence time, and back-mixing was found in the 

rotating packed bed operating at constant fluid flow rates. Depending on the type of 

reactions to be carried out in packed-bed reactors, either being liquid- or gas-limited, 

complete irrigation of the catalyst combined with thinner liquid films around the 

catalyst surface can be achieved by adjusting an appropriate rotational velocity to 

facilitate accessibility of the active sites either to the liquid and/or gaseous reactants. 

These findings opened up possible prospects for process intensification of offshore 

floating packed-bed reactors and contactors through flow rate modulation to diminish 

phase maldistribution and low-shear rotational operation to effectively utilize the 

packing during emergence of gas-liquid segregated flow patterns in the course of 

column tilting motions (Chapter 7). 

 CFD modeling and simulation: A 3D unsteady-state Eulerian CFD model consisting 

of closure laws for fluid-solid interactions, gas-liquid interaction, and capillary and 

mechanical dispersion forces was developed to describe the hydrodynamic behavior 

of multiphase packed beds under stationary tilts and unsteady cyclic operation 

(Chapter 8) as well as under ship roll motions (Chapter 9). Validation of the CFD 

simulation results was performed with experimental data provided by WMSs, ECT 

imaging, and differential pressure transmitter in terms of local and cross-sectionally 

averaged liquid saturations, morphological characteristics of the liquid wave, and bed 

overall pressure drop. It was found that bed deviations from the vertical position 
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appreciably inflated the gradient of fluid volume fraction in the direction of column 

inclination due to the development of stratified flow pattern. Since there was a direct 

relationship between the dispersion forces and the gradient of fluid volume fraction, 

incorporation in the Eulerian CFD model of capillary pressure and mechanical 

dispersion force was essential to accurately capture the transient spatial 

heterogeneities arising in stationary tilted and rolling packed beds. Without 

incorporation of the capillary and mechanical dispersion terms in the CFD model, a 

serious loss of temporal stability and an erratic behavior in the computed liquid 

saturation and pressure drop was observed for rolling and stationary tilted beds. A 

breakdown of symmetry distributions in phase saturation, gas and liquid velocities, 

and interphase interaction forces eventuated from packed bed tilts and roll motions. 

The validated CFD model confirmed the experimental observations on an increase of 

rolling angle and period resulted in a decrease of liquid saturation, bed pressure drop, 

and uniformity degree of the liquid distribution due to the progressive development 

of a segregated flow pattern inside porous media. Moreover, secondary transverse 

displacements of the gas and liquid phase in the radial and circumferential directions 

due to column angular oscillations significantly affected gas-liquid-packing 

interactions and dispersion forces. In the light of the validated CFD model, a detailed 

sensitivity analysis divulged that liquid saturation, pressure drop, and uniformity 

degree were increased at higher liquid viscosity and decreased at higher density. The 

smaller packing particle size intensified all the drag forces and resulted in higher 

liquid saturation, pressure drop, and uniformity degree. 

 Chemical reaction and mass transfer: The amine-based CO2 capture performance 

of packed-bed scrubbers onboard offshore floating vessels/platforms was evaluated 

in a systematic study using the hexapod robot ship motion simulator and an embarked 

column packed with structured elements (M500X) and Raschig rings (Chapter 10). 

The results showed that the performance of CO2 chemical absorption under offshore 

conditions would deviate from those measured with conventional stationary vertical 

packed-bed scrubbers. The effective gas-liquid interfacial area was found to decrease 

with increasing tilt angle between 0° and 15° both for structured and random packings 

due to degrading gas-liquid transversal distribution in the packings. An increasing 
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motion period for packed beds under roll and roll + pitch oscillations caused further 

decline in absorption performances. Furthermore, the structured packing was found 

to outperform random Raschig ring packings in all bed configurations. The CO2 

removal efficiency was sensitive to packing height with more pronounced drops by 

incrementing tilt angle of short-height columns packed with random packings. 

Findings from this work suggested that consideration of limitations related to bed tilt 

or motion as encountered in marine conditions is essential for reliable design of 

onboard packed-bed scrubbers for treatment of flue/fuel gas streams in see conditions. 

11.2 Recommendations for Future Work 

Several studies were carried out in this Ph.D. thesis in terms of novel experimental and 

modeling efforts while several others need to be investigated. Based on the findings in this 

doctoral research, the propositions are divided into four main categories. 

 Hydrodynamic characterization: Apart from hydrodynamic parameters 

characterized in the present work, the extent of wetting of the particles or the so-

called wetting efficiency is another important parameter required for designing of 

packed-bed reactors under the trickle flow regime. Since non-uniform flow of the 

liquid phase over particles leading to different degrees of wetting, column inclinations 

and motions are expected to drastically alter the wetting efficiency due to a gross 

movement of liquid across the packing. This should be an interesting point to pay 

attention to in future studies. The development of correlations based on dimensionless 

numbers with physical significance and on comprehensive experimental data has 

been found to be useful in designing packed-bed reactors and scrubbers. 

Nevertheless, suitable correlations to estimate hydrodynamic parameters (e.g., liquid 

holdup, pressure drop) in offshore floating packed beds are not available in the 

literature. Thus, detailed experimental studies should be carried out in different 

column diameter/height considering pilot and commercial operating ranges for the 

gas and liquid flow rates to acquire the mass of data. Maldistribution sensitivity and 

susceptibility of monolith as a prospective structured packing in offshore columns 

subject to tilt and accelerations would be worthy of investigation as well. 
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 Process intensification: Some cyclic operation strategies (e.g., gas/liquid 

alternating) proved to be able diminishing fluid maldistribution stemming from 

column tilts and oscillations, however, their performance was not verified in the 

presence of a chemical reaction. This should be an interesting point to pay attention 

to in future studies. Moreover, implementation of the new low-shear rotating reactor 

concept for process intensification of offshore floating packed-bed reactors is worth 

addressing in future experiments by combining the hexapod robot with a hollow shaft 

rotary actuator. Potential application of micro-packed bed reactors in offshore oil and 

gas industry as another strategy for the process intensification should be an interesting 

research subject to be carried out in future. These types of reactors offer better control 

over RTD and have high mass and heat transfer rates, thereby allowing operation for 

highly rapid and exothermic reactions with sever mass transfer limitations. Thus, 

hydrodynamic studies of micro-packed beds should be performed under marine 

conditions to address potential bottlenecks stemming from ship tilts and motions on 

the reactor performance. 

 CFD modeling and simulation: In addition to the dynamics of gas-liquid flow in 

oscillating porous media, the developed Eulerian CFD model should be applied to 

simulate the incidence of the dispersive phenomena and mixing in floating packed 

beds using a tracer injection method and RTD tools. Further, a desired chemical 

kinetic model should be coupled with the validated CFD in order to investigate the 

effect of fluid maldistribution resulting from column excitations on the reaction 

performance. Apart form the macro-scale Eulerian CFD modeling, particle-scale 

CFD modelling can enhance our fundamental understanding on very local resolution 

of the multiphase flow in packed beds and diffusion of species inside the catalyst 

particle. In this approach, the volume of fluid (VOF) model characterizes the gas–

liquid interface and allows studying liquid–solid particle interactions and predicting 

the wetting efficiency. Hence, a VOF particle-scale CFD model should be developed 

in the context of offshore floating conditions to describe local phenomena and to 

determine the effect of each parameter which is experimentally hard to capture. This 

should be an interesting research subject in future modeling efforts leading to realistic 

and promising results. 
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 Chemical reaction and mass transfer: The reaction conversion in packed-bed 

scrubbers with countercurrent mode of operation was found to be affected by column 

tilts and motions as discussed in Chapter 10. Such sensitivity of chemical reaction is 

expected also in cocurrent gas-liquid downflow and upflow packed-bed reactors 

under marine conditions and should be studied experimentally. A gross transverse 

migration of liquid across the packing during column angular oscillations would 

change dramatically liquid film thickness which in turn can create additional mass 

transfer resistance. Therefore, a non-kinetically-controlled reaction such as 

hydrogenation of α-methylstyrene should be selected which is a fast reaction even 

under ambient pressure and temperature to show the influence of sea swells on the 

reaction performance. If column inclinations and oscillations affect the reaction yield, 

mass transfer studies ought to be conducted to determine the limiting step. Since mass 

transfer is one of the complicated interactions takes place between the phases in 

packed-bed reactors, systematic mass transfer studies is required to investigate the 

influence of bed tilts and oscillations on the liquid-solid, gas-solid, and gas-liquid 

mass transfers. Based on extensive experimental data, mass transfer correlations 

should be developed which eventually can be combined with kinetic and 

thermodynamic models to calculate the required column height for reaching product 

specifications. It is worthy to mention that the hydrodynamic parameters (e.g., liquid 

saturation) of packed beds under offshore conditions exhibited a transient behavior 

and a dramatic variation in the bed cross section. The mass transfer parameters are 

also expected to change temporarily and spatially in the course of column motions. 

Therefore, applying a spatiotemporal measurement technique in chemical reaction 

and mass transfer experiments to determine corresponding parameters will provide 

highly useful information and understandings. 
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using a swell simulation hexapod 
 

Gnouyaro P. ASSIMA, Amir MOTAMED-DASHLIBORUN, Faïçal LARACHI 

 

Department of Chemical Engineering, Université Laval, 1065 Avenue de la Médecine, Québec, 

Québec G1V 0A6 Canada;  

 

 
Published in: AIChE J. 2015, 61(7), 2354–2367.  

DOI:  DOI 10.1002/aic.14816 
 

Abstract 

A laboratory-scale packed column was positioned on a 6-degree-of-freedom swell simulation 

hexapod to emulate the hydrodynamics of packed bed scrubbers/reactors onboard offshore floating 

systems. The bed was instrumented with wire mesh capacitance sensors to measure liquid 

saturation and velocity fields, flow regime transition, liquid maldistribution, and tracer radial and 

axial dispersion patterns while robot was subject to sinusoidal translation (sway, heave) and 

rotation (roll, roll + pitch, yaw) motions at different frequencies. Three metrics were defined to 

analyze the deviations induced by the various column motions, namely, coefficient of variation 

and degree of uniformity for liquid saturation fluctuating fields, and effective Péclet number. Non-

tilting oscillations led to frequency-independent maldistribution while tilting motions induced 

swirl/zigzag secondary circulation and prompted non-uniform maldistribution oscillations that 

deteriorated with decreasing frequencies. Regardless of excited degree of freedom, a qualitative 

loss of plug-flow character was observed compared to static vertical beds which worsened as 

frequencies decreased. 

Keywords Swell simulator; floating-production-storage-offloading units; offshore treatment; 

embarked packed bed; flow regime; liquid maldistribution; tracer dispersion. 
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B.1 Packed Beds 

B.1.1 Design of adapted distributor/packing 

In recent years, a great deal of efforts has been directed towards the design of suitable distributors 

and/or selection of appropriate packing and internals to curb the dynamic fluid maldistribution that 

results from the swell-dynamics convoluted ship displacements (translation and rotation velocity, 

acceleration and amplitudes) and their repercussions on the embarked packed beds themselves.1,2 

In an approach mainly privileged by applied and industrial research laboratories, developments 

and innovation concerned the design of adapted distributors. 

Armstrong et al., (2002)1 developed a liquid distribution plate for a packed liquid-vapor contact 

column with uniform crisscross structure enabling alternate vapor riser passages and reservoir cells 

the purpose of which was to compensate for sway or tilt when the column is mounted on a ship. 

To ensure fluid distribution to remain unaffected by horizontal flows as a result of reactor motion, 

dispensers were designed for that purpose.2 Such devices generally consist of a collector and a 

distributor connected via one or several relatively long vertical pipes to ensure hydraulic charge 

regardless of wave conditions.1,2 

Recently, Institut Francais du Petrole (IFP) developed a distributor tray for contacting efficiently 

gas and liquid in offshore countercurrent gas treatment units for CO2 capture, dehydration or 
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distillation.3 The distributor was partitioned into compartments each comprising functionalities for 

passing gas via chimneys and liquid via perforations thus allowing an inter-compartment 

circulation of a portion of the liquid. Such arrangement enhanced liquid repartition even under 

rolling conditions (angle ± 5°, period 10-20 s). 

Maldistribution sensitivity and susceptibility in columns subject to horizontal accelerations and tilt 

were also examined.4 Hence, the company Sulzer recently attempted to address maldistribution 

issues in terms of flow correction or aggravation depending on the type of internals employed, i.e., 

random packing, structured packing and trays.4 To tackle phase maldistribution inside the columns, 

cross-corrugated packing comprising a stack of vertical corrugated strips with their corrugations 

alternately inclined in opposite directions was also developed to achieve an even wetting of the 

packing over the entire cross section of distillation columns embarked on offshore oil platform or 

barge oscillating typically between 5 and 10°.5 

Although the implementing of an adapted distributor would restrain the fluids maldistributions at 

the top of the bed, swaying motions and permanent inclination arising from the marine conditions 

extend the maldistribution from top to bottom by the lowered downhill-slop force as well as 

transverse inertial force.6 

B.1.2 Hydrodynamics of gas-liquid flows 

A parallel path to the design of ad hoc distributors was pursued by other research groups whose 

interest focused on describing the hydrodynamics prevailing inside stationary inclined packed beds 

– conjectured to be limiting column postures on ships when these are subject to very slow tilting 

motions.7-10 

Two-phase segregation in inclined gas-liquid cocurrent downflow packed beds and its dependency 

to tilt angle was investigated experimentally by Schubert et al. (2010).7 A twin-plane electrical 

capacitance tomography (ECT) sensor was used to measure the liquid saturation in the bed. The 

results revealed that bed deviation from verticality prompted remarkable phase stratification 

(maldistribution) accompanied with reduction in liquid saturation and pressure drop. Moreover, 

the trickle-to-pulse regime transition point was shifted towards higher liquid velocity by more 
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inclination of the bed. Pulse flow regime characteristics such as pulse frequency and propagation 

velocity were found to decrease as compared to conventional vertical trickle beds. 

Bouteldja et al. (2013)8 studied the hydrodynamics of slanted packed beds operated with cocurrent 

ascending gas-liquid flows using an ECT sensor. Segregation between gas and liquid was observed 

as in inclined downflow packed beds. Moreover, the regime transition from bubbly flow to 

segregated flow was monitored as a function of bed tilt angle. The main reason of the reduction of 

pressure drop at higher inclinations was due to gas-liquid segregation which in turn diminishes 

phase interactions. It was also reported that the augmentation of the bed inclination increases the 

cross-sectional averaged liquid saturation as a result of the replacement of bubbles by the liquid 

phase. 

Likewise, examination of the hydrodynamics of gas-liquid countercurrent packed beds under 

column inclinations revealed a noticeable reduction of the overall pressure drop and liquid 

saturation.10 Besides, liquid accumulation in the column lowermost area led to an aggravation of 

phase maldistribution and a shift of the flooding limit towards higher throughputs as a result of 

tilting the column. 

Assima et al., (2015)9 investiged the dynamics of liquid drainage in tilted packed-bed columns 

using an ECT sensor. Liquid saturation profiles and the evolution of textural flow regimes were 

monitored at various bed axial heights and tilt angles. An acceleration of the liquid draining rate 

was found upon tilting the packed bed. In addition, spatiotemporal imagings of ECT demonstrated 

that 80% of the poral dynamic liquid was discharged rapidly at constant flow rates, whereas the 

remaining 20% liquid within parially saturated pores was drained slowly. 

For the sake of model developing for predicting liquid distribution, mass transfer and flooding 

under offshore conditions, IFP11 performed a scaled-up experiment for data gathering with two 

structured packed columns, 0.6m diameter 2.5m height and 1m diameter and 5m height, 

respectively. The cross-sectional liquid load distribution was obtained via the liquid collection 

method in the lower end of the structured packing. In the static tilt position (3° and 5°), experiments 

showed that the liquid maldistribution severity was highly sensitive to the increase of height and 

tilt angle of packed bed. The liquid accumulation in the bottommost part and gas migration to the 

upmost part  can cause the deterioration of gas-liquid absorption efficiency. For the rolling column 
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(rotation about ship longitudinal axis), less distortion of liquid distribution was observed compared 

with the static tilted one. However, slowly rolling motions provoked periodic transverse movement 

of the liquid across the packing. When the column tilted back through the vertical position, the 

general gross movement of liquid across the packing, to some extend, diminshed the liquid 

maldistribution as a method of correction but depended on many factors (e.g., motion frequency 

and amplitude, type of packing, gas/liquid flow rate, column diameter and height, liquid viscosity). 

B.1.3 Modeling and simulation 

Modeling and simulation studies concerning offshore floating packed beds have been also 

performed by some researchers to provide more comprehensive perspectives into the influence of 

ship tilts and motions on the performance of embarked packed-bed reactors on floating 

vessels/platforms. This is of significance to identify and understand for securing the design and 

optimization of floating units, since both hydrodynamics and mass transfer behaviors were 

completely different from onshore one. Table 1 summarizes modeling and simulation studies of 

floating packed beds. 

Atta et al. (2010)12 conducted, in parallel to Schubert al. (2010)7 experimental work, numerical 

simulations to identify the main causes for stratification in stationary tilted packed beds. Among 

the several drag force closures for gas-liquid cocurrent downflow packed, use was made of the 

relative permeability model within an Eulerian computational fluid dynamics (CFD) framework 

to capture the physics of local flow and liquid saturation distribution inside the slanted packed 

beds. In spite of satisfactory predicting the trends, the numerical results revealed a remarkable 

quantitative deviation with respect to the experimental data. They concluded that the complexity 

of phase interactions in the inclined bed, due to the segregated flow regime, require more empirical 

data to formulate appropriate closure laws for incorporating in the CFD model of tilted packed 

beds. 

Iliuta et al. (2016)13 studied the steady-state and transient hydrodynamics of two-phase downward 

flow in packed bed with uniform and nonuniform radical porosity distribution through two-fluid 

transient three-dimensional (3-D) model based on the volume-averaged continuity and momentum 

balance equations. The static positions, vertical and inclined, as well as oscillating motions, time 
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periodic off-axis, were taken into considerations. It is revealed that in vertical and slightly inclined 

packed bed, the porosity distribution of packing had limited effects on the fraction of liquid flowing 

through the reactor cross section, which was considerably different from highly inclined case with 

noticeable axially asymmetric two-phase flow. In the later case, the liquid flow in the lowermost 

cross section appeared to be dominant. The oscillatory cross-sectionally averaged liquid holdup 

and two-phase pressure drop were noticed in oscillating condition due to the complex reverse 

secondary flows in the radial and circumferential directions. The oscillatory liquid holdup and two-

phase pressure drop deviated around the middle inclination angle when the reactor moved between 

vertical and an inclined angle. However, when the reactor moved between two-angled symmetrical 

positions, higher liquid holdup and pressure drop fluctuated around the vertical one. Both of the 

amplitude and frequency were affected by the inclined angle and travel time between positions.   
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Table B-1 Recent modeling and simulation studies of floating packed beds 

References System characteristics Framework and drag force 

model 

Operating conditions Studies 

Iliuta et al., 

(2018)17 

 Enzyme washcoat- human 

carbonic anhydrase II                                                                                         

Mellapak 500Y, 250Y packing, Hb 

= 800 cm, D = 100 cm 

Vertical, inclined and oscillating 

conditions 

-Eulerian 3-D dynamic model : 

volume averaged continuity and 

momentum balance & volume 

conservation 

-Mass transport/Reaction 

equations 

-Volume averaged interaction 

force 

Pressure: 0.1 MPa 

Temperature: 298 K 

Superficial gas velocity:  0.1 

m/s 

Superficial liquid velocity: 

0.03 m/s 

Inclination/Oscillating angle: 

0, 5, 7.5, 10 deg 

-Liquid 

maldistribution 

-Liquid holdup 

-CO
2
 removal 

efficiency 

Iliuta et al., 

(2017)16 

MEA-CO
2
 

Ceramic Raschig R-rings packing,                                       

d
p
 = 16 mm, H

b
 = 300 cm, D = 30 

cm 

Vertical, inclined and oscillating 

conditions 

-Eulerian 3-D dynamic model : 

volume averaged continuity and 

momentum balance & volume 

conservation 

-Mass  & Energy transport & 

closure of intrinsic kinetics 

-Volume averaged interaction 

force 

Pressure: 0.1 MPa 

Temperature: 298 K 

Superficial gas velocity:  0.1 

m/s 

Superficial liquid velocity: 

0.015 m/s 

Inclination/Oscillating angle: 

0, 5, 10, 15 deg 

-Liquid holdup 

-Gas liquid interfacial 

area 

-CO
2
 removal 

efficiency 

Kim et al., 

(2017)19 

MEA-CO
2
 

M250X structured packing 

Config. 1:  H
b
 = 432.4 cm, D = 

12.5 cm 

Config. 2:  H
b
 = 432.4 cm, D = 

45.34 cm 

Pitching motion 

-Porous media Eulerian CFD 

model 

-Simple chemical reaction 

kinetics model for mass transfer 

Pressure: 0.1 MPa 

Temperature: 323 K 

F-factor of gas: 1.61 Pa
0.5

 

Liquid load: 12.53 m
3
/m

2
/h 

Pitching motion: 1.57deg 

Period: 12 s 

-Pressure drop 

-Liquid holdup 

-Effective interfacial 

area 

-CO
2
 removal 

efficiency 
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Iliuta et al., 

(2016)15 

H
2
/dibenzothiophene/n-hexadecane 

CoO-MoO
3
/γ-Al

2
O

3 
catalyst 

packing 

d
p
 = 3 mm, H

b
 = 160 cm, D = 5 cm 

Vertical, inclined and oscillating 

conditions 

-Eulerian 3-D dynamic model : 

volume averaged continuity and 

momentum balance & volume 

conservation 

-Mass  & Energy transport 

-Volume averaged interaction 

force 

Pressure: 10 Mpa 

Temperature: 598 K 

Superficial gas velocity:  0.1 

m/s 

Superficial liquid velocity: 

0.005 m/s 

angle: 0, 5, 10, 15 deg 

-Liquid holdup 

-Wetting efficiency 

-Sulfur removal 

efficiency 

Iliuta et al., 

(2016)14 

Kerosene-Air 

Glass beads 

d
p
 = 3 mm, H

b
 = 160 cm, D = 5.7 

cm 

Vertical, inclined and oscillating 

conditions 

-Eulerian 3-D dynamic model : 

volume averaged continuity and 

momentum balance & volume 

conservatio 

-Volume averaged interaction 

force and capillary pressure 

Room condition 

Superficial gas velocity:  

0.0616-0.3082 m/s 

Superficial liquid velocity: 

0.0021-0.0136 m/s 

Inclination/Oscillating angle: 

75, 80, 85, 90 deg 

-Liquid holdup 

Iliuta et al., 

(2016)13 

Water-Air 

Glass beads 

d
p
 = 3 mm, H

b
 = 160 cm, D = 5.7 

cm 

Vertical, inclined and oscillating 

conditions 

Eulerian 3-D dynamic model : 

volume averaged continuity and 

momentum balance & volume 

conservatio 

-Volume averaged interaction 

force and capillary pressure 

Room condition 

Superficial gas velocity:  

0.15, 0.2 m/s 

Superficial liquid velocity: 

 0.0025, 0.0028 m/s 

Inclination/Oscillating angle: 

75, 80, 85, 90 deg 

-Liquid holdup  

-Pressure drop 

Son et al., 

(2016)20 

Water 

Strutured packing M500Y 

H
b
 = 200 cm, D =100cm 

Tilt and roll 

Intersection network model with 

a liquid split algorithm 
F-factor of gas: 0 Pa

0.5
 

Liquid load: 7.2 m
3
/m

2
/h 

Inclination/oscillating angle: 

Permanent tilt: Vertical, tilt 

of 1 & 4 deg 

Roll: max. angle: 4 deg,   

period: 15, 35 s 

-Liquid 

maldistribution 

Pham et al., 

(2015)18 

MEA-CO
2
 

M500X structured packing 

 H
b
 = 220.5 cm, D = 10 cm 

Static tilt and rolling motion 

-Porous media Eulerian CFD 

model 

-Simple chemical reaction 

kinetics model for mass transfer 

Gas load: 38.5kmol/m
2
/h 

Liquid load: 22.9 m
3
/m

2
/h 

Static tilting:  0, 1.5, 3, 4.5 

deg 

Rolling motion: Max. 4.5deg 

Period: 12 s 

-Liquid holdup 

-Liquid pressure drop 

-Effective interfacial 

area 

-CO
2
 removal 

efficiency 
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Under the same modelling framework, Iliuta et al. (2016)14 analyzed the liquid drainage 

dynamics in vertical, inclined and oscillating packed beds reactors. It seems that, for a 

sufficiently large column-to-particle diameter ratio, the elaborated radial porosity model 

depicting the liquid drainage dynamics was not essential and a constant porosity assumption 

was capable.  In all configurations, gravity dominated the initial liquid flow drainage. 

Drainage, in the vertical position, was controlled by the core-region liquid flow and 

independent to bed porosity distribution. By contrast, drainage of inclined one was subjected 

to the liquid flow in the bed lowermost part and liquid drainage acceleration was found with 

the decrease of vessel inclination.  Valuable disclosure was the performance of packed beds 

embedded on floating platforms seemed insignificantly affected by the oscillations between 

two symmetrically angled positions or between vertical and angled position alike since liquid 

drainage had almost uniform cross-section distribution. 

In spite of modelling of hydrodynamic behavior merely, hydrodynamics and chemical 

reaction coupled model has been developed for offshore floating packed-bed reactors. A 

volume averaged mass, momentum, energy and species balance equations governing model 

coupled with simultaneous diffusion and chemical reaction was applied by Iliuta et al. (2016, 

2017a, 2017b)15-17 to investigate the two-phase flow dynamics, high-pressure 

hydrodesulfurization (HDS), CO2-MEA absorption, and Enzyme-CO2 absorption 

performance in the case of angular uniform and sinusoidal oscillatory motion between two 

angled symmetrical/vertical-inclined position. Oscillating packed beds generated an 

oscillatory HDS and CO2 abatement performance. As in the cold-flow passive conditions, 

gas-liquid downflow in packed bed at higher inclinations significantly deviated from axial 

symmetry with considerable liquid accumulation in the lower bottom part of the column cross 

section. For the case of periodic asymmetric oscillation, averaged liquid holdup and two-

phase pressure drop over cross-section fluctuated around the steady-state solutions of the 

middle inclination position. Under symmetric oscillation, however, these parameters evolved 

near the steady-state solution of the vertical position. 

Pham et al. (2015)18 developed an Eulerian porous media CFD model for a gas-liquid 

countercurrent packed bed in order to investigate the effect of tilting and motion experienced 

on offshore facilities on CO2-MEA absorption. Three-dimensional geometry coupled with 
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momentum equation including porous resistance, gas-liquid momentum exchange, 

dispersion as well as mass transfer and chemical reaction. Under very low tilt angles (0 to 

4.5°) the CFD outputs indicated that with increase of the static tilting angle, the liquid holdup 

and effective interfacial area decreased, which resulted in deterioration of CO2 removal 

efficiency.  Compared with static tilting, rolling motion seemed to have better CO2 removal 

efficiency. Further simulation work to discover the role of the center of gravity position 

(CoG) played on CO2 removal efficiency was also conducted by Kim et al. (2017)19 under 

the same CFD framework.  Three CoG position, bottom of the column, vertically under the 

column and diagonally under the column, were considered for two different absorber 

diameters. The ship motion caused uniformed liquid distribution in the cross section, 

especially in the case of diagonal bottom. The CO2 removal efficiency decreased due to liquid 

maldistribution and a reduction of effective interfacial area between gas and liquid. 

In a different approach from the above efforts, Son et al. (2016)20 proposed an intersection 

network model with liquid split algorithm for predicting the liquid distribution of packed 

column under representative offshore conditions, i.e., permanent tilt and dynamic roll 

motion.  The model results showed that the packed height and diameter greatly affected the 

liquid distribution in tilt condition. This study concluded that it was reasonable to reduce 

packed height and increase column diameter to attain uniform liquid distribution in offshore 

conditions. However, the limitation of current proposed model is that the flow splitting 

parameter may vary with column diameter because of wall effect, and thus resulting the 

model less generic. 

B.2 Fluidized Beds 

Besides gas-liquid packed bed (i.e., fixed-bed) configurations, the effect of stationary 

inclination on flow regimes and circulation patterns in gas-solid and liquid-solid inclined 

fluidized beds was also addressed in a few studies.21-24 Fluidization of cohesive powders in 

inclined beds led to heterogeneities in the form of localized transition to bubbling regime in 

the vessel upper wall region.24 Even small inclination angles in inclined liquid-solid fluidized 

beds were found to be enough to yield measurable effects on the recirculation pattern of the 

granular phase.22 



 

359 

 

Furthermore, the influence of roll motion on the hydrodynamics and heat transfer of marine 

circulating fluidized beds were thoroughly investigated.25-32 These experimental studies 

revealed that as in the static inclined configuration, the gravity-driven breach of flow field 

axisymmetric also prevailed under rolling with an added complexity of the flow pattern due 

to the riser periodic rocking: pressure drop increase with increased solids holdup at riser’s 

bottom, heat transfer augmentation along the walls 29 and its declines inside the bed,28 and 

the decrease of the descending velocity of particles by increasing swing amplitude.32 

Zhao et al. (2014a)31 applied the moving reference frame in a 3-D CFD-discrete element 

method model for simulating marine circulating fluidized beds subject to ship rolling motion. 

In their numerical approach, the rolling fluidized bed motion was transformed into simple 

time-dependent acceleration terms which were introduced in the form of body force terms in 

the corresponding phase momentum conservation equations. Four additional acceleration 

terms were appeared in the momentum balance equation due to translational and rotational 

movements of the non-inertial reference frame relative to the stationary reference frame. 

These terms are the Coriolis acceleration, centrifugal acceleration, and unsteady variation of 

the angular and translational velocity. Besides, Zhao et al. (2014)32 quantitatively evaluated 

the particle motion near the riser wall by PIV measurement. The experimental outcomes 

revealed that obvious periodical variation of the descending velocity happed subjected to 

swing motion. The swing amplitude had pronounced influence on the descending velocity 

rather than swing period. With the increasing swing amplitude, the asymmetrical particle 

descending velocity profile with a single swing period is more visible.  

Zhao et al. (2015)33 developed the improved cluster-based model (ICBM Ⅰ) for evaluating 

the heat transfer performance in rolling CFB, which well corresponds to the experimental 

investigation. The disappearance of the gas layer and the increase of the particle volume 

fraction in clusters, dominating factors for heat transfer augmentation, have considerable 

effect on the heat transfer performance in the rolling CFB. 

To evaluate how rolling amplitude and period affect the particle distribution behaviors in 

rolling CFB, Zhao et al. (2016)34 employed capacitance tomography technique (ECT) to 

visualize the particles. As a result, the particle distribution in rolling CFB was dominated by 

the shear effect. The rolling amplitude could cause augmentation of the particle volume 
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fraction whilst deteriorate the stability and uniformity of particle distribution. The rolling 

period had little influence on particle distribution in the experimental courses due to its 

minimal influence on the shear effect.  Table 2 summarizes recent works in the area of rolling 

fluidized beds. 

Table B-2 Recent studies on rolling fluidized beds 

References Reactor Setup 
Areas 

investigated 

Zenczak 

(2008)28 

Di = 94mm, H 

=120mm  

dp= 1 mm 

ρp=740kg/m3 

Inclination angle = 30˚, Periods = 28s, Ug 

= 2.2-6.5 m/s 

Motion: Actuator 

Measuring Devise: Thermocouple 

-Heat transfer 

coefficient 

Murata et 

al. (2012)29 

Di=288mm×288mm, 

H=2408mm 

Packing: Limestone 

2500 kg/m3 

Inclination angle = 0-15˚, Period = 5-

15 s, Ug = 0.4-4.6 m/s 

Motion: Electrical motor with a crank 

mechanism 

Measuring Devise: Pressure gauge, 

resistance thermometer 

- Pressure drop 

- Heat transfer 

coefficient 

Zhao et al. 

(2014a)31 

Di=50mm, 

H=1500mm 

Packing: Limestone, 

ρp= 2500 kg/m3 

Inclination angle = 15˚, Period = 5s, Ug 

= 5.34m/s  

Motion: Electrical motor with a crank 

mechanism 

Measuring Devise: Electrical 

Capacitance Tomography (ECT), 

frequency = 100Hz 

-CFD-DEM 

modeling 

Zhao et al. 

(2014b)32 

Same as Murata et al. 

(2012) 

Inclination angle = 0, 5, 10, 15˚, Period = 

5, 10, 15s, Ug = 2.8m/s  

Motion: Electrical motor with a crank 

mechanism 

Measuring Devise: PIV with 1000 FPS 

-Particle 

descending 

velocity 

Zhao et al. 

(2015)33 

Same as Murata et al. 

(2012) 

Inclination angle = 15, Period = 5-15 s, 

Ug = 1.8-3.0m/s  

Motion: Electrical motor with a crank 

mechanism 

Measuring Devise: Pressure gauge, 

resistance thermometer, PIV 

- Cluster 

descending 

velocity 

-Pressure drop 

- Heat transfer 

coefficient 

Zhao et al. 

(2016)34 

Di=50mm, 

H=1500mm 

Packing: Limestone, 

ρp= 2500 kg/m3 

Inclination angle = 2.5-15, Period = 5-

15 s, Ug = 3.0m/s  

Motion: Electrical motor with a crank 

mechanism 

Measuring Device: Pressure gauge, 

resistance thermometer, ECT 

-Average particle 

volume fraction 

-Particle 

distribution 

stability 

-Particle 

distribution 

uniformity 
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B.3 Bubble Columns 

Bubble columns as multiphase reactors are employed significantly in the chemical industry 

due to a number of their advantages both in design and operation. They provide high heat 

and mass transfer coefficients as well as low operation costs due to lack of moving parts and 

compactness. Bubble columns have wide applications either, in the simplest forms, to purely 

mix the liquid phases and, in further complicated forms, to transfer chemical species from 

one phase to another phase. They are widely exploited especially in chemical processes such 

as petroleum residues conversion, hydrotreating, Fischer–Tropsch synthesis, coal 

liquefaction, hydrogenation, wastewater treatment etc..35,36 Hence, bubble column reactors 

are also envisaged to be particularly useful in fuel processing and gas treatment applications 

with regard to offshore oil and gas fields in remote areas far from continental coastlines.37 

Since good gas-liquid contacting is essential for implementation of efficient bubble columns, 

Assima et al. (2015)37 conducted an experimental study to investigate the influence of ship 

motions on bubbly flow using a hexapod swell simulator and a dual capacitance wire-mesh 

sensor. From gas-liquid visualizations, roll, roll + pitch, and high-frequency sway motions 

were found as the most influential in terms of bubble zigzag and swirl, and bubble-clustering 

as well as segregation during column dynamic tilts. Consequently, transverse movement of 

bubbles and their clustering augmented liquid recirculation and local gas velocity. They 

concluded that column oscillation will affect the performances of offshore bubble column 

treatment units. 
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