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Summary 

Production of cement is an energy intensive process and is the source of considerable CO2 emissions. It 

is estimated that the cement industry contributes around 8% of total global CO2 emissions. CO2 is one 

of the major greenhouse gases. In the atmosphere, the CO2 concentration has increased from 310 ppmv 

in 1960 to 390 ppmv in 2012, probably due to human activity. A lot of research is being carried out for 

reducing CO2 emissions from large stationary sources. Of which, the carbonate looping process is a 

new process and has the potential to reduce CO2 emissions with lower energy penalties. Most of the 

work performed recently has focused on CO2 capture from fossil fuel-based power plants. Inherently, 

this process is especially suitable for cement plants, as CaO used for CO2 capture is also a major 

ingredient for clinker production. Thus, a detailed investigation was carried out to study the application 

of the carbonate looping process to the cement industry. In order to study the application of the 

carbonate looping process to cement industry, the project work is divided into three scales: 1) at 

particle scale (TGA), 2) at reactor scale (Fluid-bed) and 3) at process scale (process modeling Pro/II).  

The results from TGA revealed that the CO2 capture capacity of cement raw meal as a function of cycle 

number had a similar trend to that of limestone, i.e. the CO2 capture capacity decreased with increasing 

cycle number. However, the maximum CO2 capture capacity of calcined cement raw meal (17%, first 

cycle) was much lower compared to natural limestone (28%, first cycle), where calcination was carried 

out under realistic conditions (950°C, CO2). After changing the calcination atmosphere from CO2 to N2, 

the difference in the CO2 capture capacity of the sorbents was large, but the capture capacities 

increased for both limestone (58%) and raw meal (28%). To investigate the influence of temperature, 

calcination was carried out at 850°C in N2. The results (limestone 65% and raw meal 63%) show that 

there was no significant difference in the CO2 capture capacities under these conditions.  
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To reveal the reason behind this difference in the CO2 capture capacity of limestone and cement raw 

meal, experiments were performed under realistic conditions to investigate the influence of the main 

components (Al2O3, Fe2O3, SiO2) of cement raw meal on the major component i.e. limestone. The 

results show that each component had a unique effect on the CO2 capture capacity of limestone. BET 

surface area measurements, SEM analysis and XRD analysis techniques were carried out on calcined 

samples to estimate the surface area of the raw meal (2 m2/g) compared to limestone (4 m2/g), to 

visualize the surface morphology of calcined limestone in the raw meal, which indicated larger grains 

compared to the grains of calcined natural limestone, and to investigate any interactions between 

limestone and other components in the raw meal, which showed no significant interactions between the 

components, respectively. 

 In the fluidized bed reactor, cycle and continuous carbonation experiments were carried out. Cycle 

experiments results on the trend in CO2 capture capacity of sorbent (limestone and simulated raw meal) 

was similar to the TGA experimental results. Further, the fluidized bed cyclic experiment results show 

that the CO2 capture capacity of cement raw meal was similar to limestone, as a function of cycle 

number because the calcination conditions were mild (800°C in air). The reaction rate constant was 

estimated as a function of the conversion of bed. In the fluidized bed reactor reaction rate constant in 

the initial fast reaction regime relevant for the carbonate looping process is 2 [m3/kmol.s] which drops 

with conversion and this rate constant is comparable to the value estimated from the TGA, which is 3.5 

[m3/kmol.s]. 

Continuous carbonation experiments were carried out to investigate the performance of carbonator as a 

circulating fluidized bed reactor. A new experimental method was applied for accurate measurement of 

the particle recirculation rate which is the key parameter in a circulating fluidized bed reactor. The 

experimental results show that the most influencing parameter on the performance of carbonator is the 
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inlet Ca to C molar ratio. In this experiment, more than 80% of the inlet CO2 was captured by highly 

deactivated limestone, which had a maximum CO2 capture capacity of 11.5%, with an inlet Ca/C ratio 

of 13. So, the performance of the carbonator can be defined by the inlet Ca/C ratio, which can be 

estimated if the maximum capture capacity of limestone is known. A circulating fluidized bed reactor 

model was proposed where the particle distribution profile along the reactor height was estimated from 

the experiments. The reactor model was validated with experimental results, and it was used to 

simulate different operating conditions for the carbonator. Based on the model simulation results a 

particle recirculation of 2-5 kg/m2s is sufficient for 90% CO2 capture efficiency depending on active 

fraction, inlet CO2 concentration and composition of particle stream. 

Based on the main experimental results, i.e. the CO2 capture capacity of raw meal as a function of cycle 

number and the main parameter that controls the performance of the carbonator, a process model 

integrating the carbonate looping process with the cement pyro-process was simulated. The process 

simulation results indicate that the CO2 emission was only 0.07 kg/ kg cl, with an energy penalty of 2 

MJ/kg CO2 captured, whereas in a normal cement plant, it is 0.9 kg/ kg cl. However the thermal energy 

demand in the integrated plant increases from 3.9 MJ/ kg cl to 5.6 MJ/ kg cl. But on the other side this 

additional energy spent can be recovered as a high quality heat to generate electricity. The potential to 

generate electricity depends on the scale of the plant, the bigger the production capacity of cement 

plant the better, with capacity higher than 3400 tons of clinker/day is required to produce captive 

electricity to meet the demand both from the cement plant operations and from the CO2 capture system 

operations. 
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Dansk resume  

Fremstillingen af cement er en energiintensiv proces, der også udleder store mængder CO2. Det er 

estimeret, at cementindustrien står for omkring 8% af den samlede, globale udledning af CO2,  der er en 

af de vigtigste drivhusgasser. Koncentrationen af CO2 i atmosfæren er steget fra 310 ppmv i 1960 til 

390 ppmv i 2012, hvilket hovedsageligt tilskrives menneskelige aktiviteter. Karbonat-looping 

processen er en ny proces, som potentiaelt kan nedbringe CO2-udledningen med et mindre energitab 

end andre CO2-opsamlingsprocesser. Processen er specielt egnet til cementfremstillingsanlæg, da den 

anvendte sorbent er kalksten, der også er en det primære råmateriale ved fremstilling af cementklinker. 

For at undersøge anvendelsen af  karbonat-looping-processen i cementindustrien, har arbejdet i 

nærværende projekt fokuseret på tre forskellige skalaer: 1) partikel-skala (TGA), 2) reaktor-skala 

(Fluidbed) og 3) proces-skala (procesmodellering Pro / II).   

Resultaterne fra TGA-undersøgelserne viser, at CO2-opsamlingskapaciteten for cementråmel og ren 

kalksten udvikler sig ens over tid, det vil sige, at opsamlingskapaciteten falder med et stigende antal 

cyklusser. Den maksimale CO2-opsamlingskapacitet for cementråmel (17% i første cyklus) er 

imidlertid meget lavere end for ren kalksten (28% i første cyklus), når kalcineringen bliver udført ved 

realistiske procesbetingelser (950°C og CO2-rig atmosfære). Ved ændring af kalcineringsatmosfæren 

fra CO2 til N2 er der stadig stor forskel i opsamlingskapaciteten af sorbenterne, men generelt stiger 

kapaciteten for kalksten (58% i første cyklus) og råmel (28% i første cyklus). For at undersøge 

indflydelsen af kalcineringstemperaturen blev der også udført kalcineringer ved en lavere temperatur 

(850°C,  i ren N2). Resultater fra dette forsøg viser ikke nogen stor forskel i CO2 opsamlingskapaciteten 

for de 2 materialer (kalksten 65% og råmel 63%), det vil sige at råmelets kapacitet stiger til samme 

niveau som kalkstenens.            
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For at klarlægge årsagen til denne forskel i CO2-opsamlingskapacitet mellem kalksten og cementråmel 

ved realistiske betingelser (høj temperatur og CO2-koncentration), blev indflydelsen af de vigtigeste 

komponenter (Al2O3, Fe2O3, SiO2) i cementråmel på hovedkomponenten (kalksten) undersøgt 

eksperimentelt. Resultaterne viser, at hver komponent har en unik effekt på opsamlingskapaciteten af 

kalksten. Mekanismerne bag effekten af de forskellige komponenter blev undersøgt for kalcineret 

kalksten og råmel ved hjælp af forskellige analysemetoder: Brunauer-Emmett-Teller (BET) 

overfladearealbestemmelse, elektronmikroskopi (SEM) og  røntgendiffraktion (XRD). BET-målingerne 

viste, at overfladearealet af råmel kun var 2 m2/g, mens det var 4 m2/g for kalksten, og SEM-analyserne 

viste at kalkstenmikrokornene i råmel var større end mikrokornene i ren kalksten. Ud fra XRD-

analyserne kunne der ikke ses  tegn på betydelige interaktioner mellem komponenterne. Graden af 

sintring afhænger af de komponenter, der findes sammen med kalksten i råmelet.    

I fluidbed-reaktoren blev der udført cykliske og kontinuerte kaboneringsforsøg med kalksten og råmel. 

Resultaterne viser, at CO2-opsamlingskapaciteterne, for de to sorbenter, er de samme som opnået i 

TGA-forsøgene. Desuden viser forsøgene, at opsamlingskapaciteten, som funktion af antallet af 

cyklusser, er den samme for kalksten og råmel, når forsøgene udføres ved milde 

kalcineringsbetingelser (800°C i luft). Reaktionshastighedskonstanterne er beregnet som en funktion af 

sorbentens omdannelsesgrad i de to forsøgsopstillingers bedmateriale. Ud fra fluidbedforsøgene blev 

den initiale hurtige hastighedskonstant, som er relevant for karbonat-looping processen, beregnet til 2 

m3/(kmol s), hvilket er samme størrelsesorden som hastighedskonstanten på 3,5 m3/(kmol s) beregnet 

ud fra TGA-forsøgene, 

Kontinuerte karboneringsforsøg blev udført for at undersøge karbonatorens ydeevne, når reaktoren 

anvendes som en cirkulerende fluidbedreaktor. Partikelcirkulationshastigheden, som her er en vigtig 

parameter, blev målt ved hjælp af en ny eksperimental metode. Resultaterne viser, at den vigtigste 
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parameter for reaktorens ydeevne er Ca/C-forholdet ved indgangen til reaktoren. Når forholdet er ca. 13 

kan der opnås en reduktion af det tilførte CO2 på mere end 80%, selvom kalkstenen er deaktiveret, og 

derfor kun har en maksimal absorptionskapacitet på 11,5 %. En matematisk model for en cirkulerende 

fluidbedreaktor er blevet opbygget, hvor partikelfordelingsprofilen som funktion af reaktorhøjden er 

bestemt ud fra eksperimentelle forsøg. Modellen er valideret og anvendt til at simulere karbonatoren 

ved forskellige forsøgsbetingelser. Modelsimuleringerne viser, at der kan opnås en CO2-reduktion på 

90 % ved en cirkulationshastigheden på 2-5 kg/m2/s. Cirkulationshastigheden vil afhængige af andelen 

af aktiv sorbent, indgangs CO2-koncentrationen samt den kemiske sammensætning af partikelstrømmen.    

En matematisk model er opbygget til simulering af integrationen afkarbonat-looping-processen med et 

cementanlæg. Modellen er baseret på hovedresultaterne fra de eksperimentelle forsøg, der omhandler 

CO2-opsamlingskapaciteten af råmel som funktion af antallet af cyklusser, samt den parameter, der er 

vigtigst for karbonatorens opsamlingskapacitet – forholdet mellem Ca og C ved indgangen til reaktoren.  

Resultaterne fra anvendelse af modellen til processimuleringer indikerer, at CO2-emissionen kan 

reduceres fra 0,9 kg/(kg klinker) til 0,07 kg/(kg klinker) ved anvendelse af karbonat-looping-processen. 

Umiddelbart stiger energiforbruget fra 3,9 MJ/(kg klinker) til 5,6 MJ/(kg klinker); dette vil dog i nogen 

grad kunne genindvendes til produktion af elektricitet. Potentialet for produktion af elektricitet vil 

afhænge af cementanlæggets størrelse. For at kunne dække strømforbruget til et 

cementproduktionsanlæg og en CO2-opsamlingsprocesse, skal cementanlægget have en kapacitet på 

mindst 3400 tons klinker pr. dag. 
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Notation 

2 ,CO eqP : CO2 thermodynamic equilibrium pressure over CaO [pa] or [atm]. 

,carb NX : Conversion of CaO to CaCO3 carbonation or CO2 capture Capacity in the Nth cycle [-]. 

2 ,CO Nn  : Number of moles of CO2 captured at the end of carbonation in the Nth cycle [mol]. 

3 ,0  CaCOn : Initial number of moles of CaCO3 [mol]. 
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,1  CaOm : Weight of the sample at the end of the 1st calcination cycle [mg]. 

,in Nw  : Weight of the sample before analysis [mg]. 

 ,f Nw : Final weight of the sample [mg]. 

D : Crystallite size [nm]. 

K : Crystallite-shape factor = 0.9 [-]. 

λ : X-ray wavelength, 0.15418 [nm]. 

θ : Observed peak angle, [radians]. 

β : X-ray diffraction broadening (FWHM) [radians]. 

NX : CO2 capture capacity in the Nth cycle [-]. 
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3CaCOw : Weight of limestone fed in to the reactor [g]. 
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ak : Attrition rate constant [1/s]. 
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Ecarb : CO2 capture efficiency [-]. 
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 : Bubble fraction in the fluid bed [-]. 
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e : Particle fraction in the emulsion region [-]. 
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mfu : Minimum fluidization velocity [m/s]. 
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1. Introduction 

1.1 Background 

Carbon dioxide (CO2) is one of the major greenhouse gases. The concentration of CO2 in the 

atmosphere tends to rise, which needs to be controlled to mitigate climate change. The rise in CO2 

concentration is mainly due to anthropogenic sources, of which the cement industry was estimated to 

contribute around 5% of total global CO2 emissions in 2001[1] and above 8% by 2012[2,3]. The cement 

industry has been growing steadily and this is expected to accelerate in coming decades, since major 

growth is foreseen in countries such as China, India and other economically growing countries. Cement 

production is both energy- and emissions-intensive, and the CO2 emissions are both energy use- and 

process-related[4]. According to the Intergovernmental Panel on Climate Change (IPCC), carbon 

capture and sequestration (CCS) from large stationary sources is considered the best mid-term 

mitigation option to avoid climate change[5]. 

The first step in CCS is to separate CO2 from the flue gas. One of the emerging new technologies for 

capturing CO2 is the carbonate looping process (CLP)[6]. This process is expected to have huge 

potential as an alternative to other CO2 capture processes, especially in terms of its lower energy 

penalty. In this process, a sorbent material is looped between two reactors, one for capturing CO2 from 

the flue gas and the other for releasing concentrated CO2 gas from the sorbent regenerator. A schematic 

diagram of the CLP integrated to the cement pyro-process is presented in Figure 1-1. The CLP is 

especially suitable for the cement industry because: 

1. Limestone, the main component in the raw meal for cement production, is used as a sorbent. 
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2. High quality energy can be extracted from the process as this process takes place at a high 

temperature. 

However, there are many unknown factors in adapting this process for industrial applications, such as: 

1. Can cement raw meal be used as a sorbent in the looping process? 

2. What is the influence of the raw meal composition on the CO2 capture capacity? 

3. What are the important operating parameters in the reactor design for using raw meal as a 

sorbent? 

4. How can the looping process be integrated into the cement pyro-process? 

 

Figure 1-1: Schematic diagram of the carbonate looping process integrated into the cement pyro-process. 

1.2 Scope of Work 

In order to evaluate these unknown factors, the present work is divided into an experimental and a 

modeling part, where the experimental results are used for model development and optimization. In the 

experimental work, investigations were carried out in a small thermo-gravimetric analyzer (TGA) 
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apparatus and in a lab scale fluidized bed reactor. A TGA apparatus was used to study the application 

of the cement raw meal as a CO2 sorbent under controlled reaction conditions, i.e. temperature, CO2 

concentration, heating rate and time. The results from these experiments, along with detailed particle 

analyses, were used to understand the mechanism underlying the CO2 capture capacity of a calcined 

raw meal in the looping process. In the fluidized bed reactor setup, experiments were carried out to 

simulate the looping process in batch mode and in continuous mode to evaluate reactor performance. In 

batch mode, cyclic experiments were performed to simulate looping reaction conditions in the fluidized 

bed reactor. Continuous mode experiments were performed to study the influence of operating 

parameters on the performance of the carbonator. 

In the modeling work, the carbonator reactor was modeled as a bubbling fluidized bed reactor to 

describe the carbonation of calcined limestone in the bed from cyclic experiments and as a circulation 

fluidized bed (CFB) reactor to evaluate the performance of the carbonator in the steady state. The 

model predicted results were validated with the experimental results. A correlation equation was used 

to describe the CO2 capture capacity of the raw meal as a function of looping cycle number from the 

TGA experiments. The correlation equation fitted to the experimental data was used in process 

modeling to simulate carbonate looping integrated with a cement clinker production process. The 

integrated process model was used as a tool to evaluate the energy penalty for CO2 capture from the 

cement production process. 

1.3 Objectives 

The main objective of this thesis was to provide scientifically-based knowledge regarding the carbonate 

looping process for reducing CO2 emissions by the cement industry. This is sought through 
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experimental investigations under controlled conditions and by mathematical modeling to evaluate 

important parameters. 

 The thesis is intended to provide knowledge on the application of raw meal as a sorbent, which could 

pave the way to easy integration of the carbonate looping process into the cement pyro-process for 

reducing CO2 emissions from the cement production process. Furthermore, it could form the basis for 

redesigning cement clinker production and thereby improve the efficiency of the process along with 

lowering CO2 emissions.  

The focus is on the cement industry, but these results could also be used for other processes related to 

CO2 capture by limestone, like the fossil fuel-based power sector and hydrogen production from 

biomass. 

1.4 Structure 

Chapter 2 of the thesis provides the background on cement production and CO2 emissions, and 

summarizes the literature with a description of the carbonate looping process and its status in terms of 

research and industrial applications. 

Chapter 3 focuses on the application of raw meal as a sorbent in the CLP. The emphasis is on the CO2 

capture capacity of the limestone in the raw meal, and the mechanism for decay in the CO2 capture 

capacity was investigated in detail. The results from the CO2 capture capacity of the raw meal with 

respect to the looping cycle number was described by a correlation, which was used later in process 

modeling for the integration of the carbonate looping process with the cement production process.  
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Chapter 4 presents the cycle experiments to simulate the carbonate looping processes in a fluidized bed 

reactor with limestone and raw meal. The cyclic carbonation behavior was investigated in the fluidized 

reactor as a function of various operating parameters.  

Chapter 5 includes the results of the continuous carbonation experiments from the fluidized bed reactor 

simulated as a CFB reactor. The experiments were performed to investigate the influence of the main 

operating parameters on the performance of the carbonator. Key parameters estimated from the 

experiments were used for the development of the K-L steady state carbonator reactor. 

Chapter 6 is on process modeling of integrating the carbonate looping process with a cement 

production process. This model was simulated using the experimental results, and an evaluation of the 

entire process was performed based on the additional thermal energy supplied along with cogeneration 

potential. 

Chapter 7 contains the overall conclusions and suggestions for future work. 
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2. Literature Review 

2.1 Cement Industry 

Cement is one of the most abundantly consumed products, and is one of the primary components of 

concrete, which is used globally for construction and the development of infrastructure. The production 

of cement has been increasing rapidly since the late 1990s, and it is estimated that global production 

increased from around 1.6 to 3.6[7] billion metric tons from 2001 to 2011. The trend in cement 

production is shown in Figure 2-1, where 100 units are considered as the reference point in 2001. 

Cement production increased in all regions until 2007, then decreased in some regions due to the 

economic slowdown in 2008 and 2009; however, cement production in rapidly growing economies 

continued the accelerating trend. The major share of cement production in 2011 was in China (>50%), 

followed by India (6.2%)[7]. Cement production in the coming decades is also expected to increase 

further due to huge developments in infrastructure projects, especially in emerging economies. 

 

Figure 2-1: World cement production by region from 2001-2011; Index 2001=100[7]. 
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Cement manufacture is an energy-intensive process. The energy consumption by the cement industry is 

estimated to be 8% of the global industrial energy consumption[2], including the combustion of fuels 

and use of electricity. The specific thermal energy for clinker production has decreased significantly 

over the last 50 years. This is mainly attributable to improved process technology[8]. The energy 

demand depends on the type of kiln, from 5-6 MJ/kg clinker in a long kiln to 3-4 MJ/kg clinker in a 

modern kiln with pre-heaters and a pre-calciner[9]. Even though the specific thermal energy has 

decreased, the cement production process is still considered an energy- and emission-intensive process.  

The basic principle of the cement production process is presented briefly in the following sections. This 

section gives general information to understand the cement production process and sources of CO2 

emissions. 

2.1.1 Cement Production 

 There are many types of cement, depending on the end use, but the main content of these cements is 

the cement clinker. One of the highly produced cement types is Portland cement (95% clinker), which 

is produced by burning limestone with sand and clay. The input material, also called cement raw meal, 

mostly contains calcium carbonate (CaCO3), silica (SiO2), aluminum oxide (Al2O3) and iron oxide 

(Fe2O3). The cement raw meal is heated to 1450°C in the kiln, which results in a series of chemical and 

physical processes, forming granules/nodules termed clinker. The clinker is cooled and ground along 

with 5% gypsum to form a fine powder called cement. The main steps in cement production are 

quarrying of the raw materials, pre-treating the raw material, pyro-processing, cooling, grinding with 

gypsum and shipping. The central step in the cement production process from a chemical perspective is 

the pyro-process, shown in Figure 2-2, where a series of steps takes place with changes in the 

temperature of the raw meal. These steps include drying the raw materials, calcination of limestone in 
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the raw material, clinker formation at the highest temperature and controlled cooling of the sintered 

product to obtain the desired components. Clinker production can be categorized based on the moisture 

content of the feed going into the kiln as a wet, semi-wet, semi-dry or dry process[10]. The pyro-process 

in a modern kiln uses cyclone pre-heaters, a calciner and a rotary kiln to form clinker components. The 

main components of clinker are belite (2CaO.SiO2, 7-32%), alite (3CaO.SiO2, 45-75%), aluminate 

(CaO.Al2O3, 1-18%) and ferrite (4CaO.Al2O3
.Fe2O3, 1-18%)[11].  

 

Figure 2-2: A typical schematic representation of a modern large kiln system (FLS design)[12]. 

2.1.2 Pyro-process 

In the pyro-process, the cold raw meal is heated and calcined in the calciner. Calcination is the major 

chemical step in the thermal treatment of raw meal, where CaCO3 decomposes into CaO and CO2 as 

shown in equation (2-1): 
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3 2 3         1782 /CaCO CaO CO H kJ kgCaCO       2-1 

Calcination is highly endothermic, and the energy for this reaction is supplied by the combustion of 

fuel in the calciner, where the temperature is around 870°C. This reaction is controlled by the 

equilibrium relationship between the temperature and the CO2 partial pressure in the calciner. The next 

step in pyro-processing after calcination is the clinker reactions, which occur between 700 and 1450°C, 

where calcined raw meal is converted into the cement clinker product. This process is initiated at the 

calciner stage, where the temperature is around 870°C, and continues in the rotary kiln, where the 

temperature of the material increases to 1450°C. The series of clinker reactions with respect to 

temperature range is summarized below[9]. At temperatures above 700°C, calcined limestone reacts 

with silica to form belite: 

2 22 2CaO SiO CaO SiO        2-2 

At temperatures above 900°C, calcined limestone reacts with alumina or iron oxide to form the 

compounds aluminate and ferrite according to equations (2-3, 2-4):  

2 3 2 33 3CaO Al O CaO Al O        2-3 

2 3 2 3 2 3 2 34 4CaO Al O Fe O CaO Al O Fe O         2-4 

At temperatures above 1300°C in the melt phase, lime (CaO) reacts with belite to form alite according 

to equation (2-5): 

2 22 3CaO CaO SiO CaO SiO         2-5 

The set of reactions mentioned above present only the main components in the final clinker, but during 

the process, intermediate compounds are involved, and the clinker reactions are affected by minor 

compounds in the feedstock. The details of these reactions are presented in the literature.[11] The main 
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parameter of these clinker reactions is the temperature, which initiates the solid-solid reactions, the 

liquid phase sintering and the final cooling with reorganization of the clinker microstructure.  

2.1.3 Pyro-processing Systems 

The pyro-processing systems, which carry out the sequence of steps for clinker production, have 

multiple objectives: high production rate, high energy efficiency and low emissions levels. The pyro-

process system in the modern kiln system can be divided into four sections, each performing a specific 

task, while improving the overall process efficiency. These sections are the pre-heater, pre-calciner, 

rotary kiln and cooler. 

The pre-heater systems are designed and operated on the principle of counter-current flow of cold 

material and hot gases. The pre-heater system is divided into four to six stages, which are plant-specific 

depending on the moisture content, the plant capacity and the operating conditions. The pre-calciner 

effectively expands the system capability through a second firing stage. The heat consumption in the 

pre-calciner is typically 60% of the total heat input due to the endothermic calcination reaction. These 

systems are designed for at least 85% calcination of the raw meal. There are different types of calciner, 

such as an in-line calciner (ILC; Figure 2-2) and a separate line calciner (SLC; Figure 2-3). The 

general aims of the pre-heater and pre-calciner systems are: 

 Complete combustion of calciner fuel 

 Reducing the thermal load in the rotary kiln 

 Obtaining a high degree of calcination 

 Limiting harmful emissions 

 Fuel flexibility-including alternative fuels 
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Figure 2-3: A typical schematic representation of a modern large pyro-process system with an SLC (FLS design: 

SLC)[12]. 

The next section in line is the rotary kiln, where the calcined raw meal passes through the kiln towards 

the burning zone and then to the cooling zone. In the rotary kiln, the heat is transferred from the gas to 

the solid material, but due to the flow profile, the efficiency of heat transfer is much lower than in 

suspension systems. New systems for the clinkering reaction with high energy efficiency are still at a 

research stage[13]. The most significant development in rotary kiln system was the design of two 

supporting short kilns with a length to internal diameter ratio of 10 to 14. This is considerably lower 

than the typical ratio of 16 to 18 of the three support systems. Furthermore, shorter kilns have lower 

thermal loading compared to longer kilns for the same production capacity[14].  

The next section is the clinker cooling, which is divided into two steps: cooling inside the kiln from the 

maximum temperature to about 1200°C, while in the second step which takes place in the cooler, the 
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cooling process continues to about 100°C. The cooling process is not only for cooling and freezing 

clinker phases and microstructures, but also for pre-heating the combustion air, thereby improving the 

overall energy efficiency of the process. 

2.2 CO2 Emissions and Reductions  

Figure 2-4 presents the CO2 emissions from the top 25 countries in the world from fossil fuel 

combustion and cement production. The major EU countries are given separately for relative 

comparison with other countries. 

 
Figure 2-4: CO2 emissions from fossil fuel combustion and cement production from the top 25 countries in 

2011[2]. 
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The production of 1 kg of cement releases about 0.7-0.9 kg CO2, depending on the clinker to cement 

ratio and other factors like plant efficiency, the type of fuel and the raw material composition. 

Even though cement production is an energy-intensive process, fuel combustion is not the major source 

of CO2 emissions. More than 50% of the CO2 emissions are from the process of calcination, according 

to eq. (2-1), as 1 kg of CaCO3 releases of 0.44 kg of CO2. The CO2 emissions from a cement plant can 

be classified as direct energy–related emissions, indirect emissions from electricity consumption and 

process-related emissions due to the calcination of limestone. In 2011, total cement production was 3.6 

billion tons, so the total CO2 emissions from the cement industry were around 2.5-3 billion tons.  

In order to reduce CO2 emissions by the cement industry, the most feasible options are post-combustion 

technologies and oxy-fuel technologies. The suitable alternative for CO2 emission reduction from a 

cement plant is post-combustion technologies, which do not alter the existing pyro-process because 

they are end-of-pipe technologies. These technologies are suitable for new kilns as well as for 

retrofitting. In post-combustion technologies, CO2 capture by amines or other solvents is fairly well-

developed for industrial applications[6]. In these processes, CO2 in the flue gas is absorbed by solvents, 

which are then regenerated for reuse. The solvent-based process also requires a significant amount of 

energy for regeneration, which results in a much higher energy penalty compared to oxy-fuel 

technology. Oxy-fuel technology uses oxygen instead of air for the combustion of fuel, which results in 

a CO2-rich exhaust stream for sequestration. Oxy-fuel technology for CO2 emission reduction from 

cement plants is still under investigation[10,15]. Until now, two basic possibilities have been considered 

for applying this technology to cement kilns: 1) the full oxy-fuel technology, where the kiln, pre-

calciner and pre-heater tower are operated in a CO2-rich atmosphere, which results in total capture of 

emitted CO2 and 2) partial oxy-fuel technology, applied only to the calciner and pre-heater tower to 

abate the major fraction of the CO2 emissions and where the emissions from the kiln are released, as 
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occurs in a normal plant. The advantage of the latter technology compared to the former is that it can be 

applied with fewer plant modifications. However, the disadvantage is that it cannot reduce CO2 

emissions completely. Figure 2-5 shows the arrangement of two pre-heater towers applying partial oxy-

fuel technology. 

 

Figure 2-5: Pre-heater tower arrangement in partial oxy-fuel technology, where the material enters kiln through 

separate calciner line (SLC) indicated by red arrows[15]. 

The European Cement Research Academy (ECRA) compared both partial oxy-fuel technology and full 

oxy-fuel technology in their technical report[15]. The conclusion from their study indicated that both 

technologies have similar abatement costs (34-36 €/ton CO2), with the partial oxy-fuel being slightly 

higher along with allowing higher CO2 emissions, but the estimated investment costs can be up to 35 

m€ lower for partial oxy-fuel technology. The additional electricity demand for both cases was almost 

SLC 
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double compared to a normal plant, with the full oxy-fuel technology being 10% higher than the partial 

oxy-fuel technology. Furthermore, the option to retrofit for the application of partial oxy-fuel 

technology is considered to be less complex compared to the full oxy-fuel technology. The other 

alternative option for CO2 capture is the carbonate looping process, where limestone can be used as a 

sorbent for CO2 capture. This is a rather new technology, and its potential has been recognized by the 

ECRA[15] and the International Energy Agency (IEA)[10]. The carbonate looping process inherently 

includes partial oxy-fuel technology in addition to a carbonator for CO2 capture from the flue gas. Thus, 

the carbonate looping process has the potential to build on the advantages of partial oxy-fuel 

technology and to eliminate some of its disadvantages compared to full oxy-fuel technology. 

In the following sections, a literature review of the carbonate looping process is presented to 

understand the process and the challenges that this process poses for industrial application along with 

the status of current research. 

2.3 Carbonate Looping Process 

The main reaction governing the carbonate looping process is the reversible reaction given in eq. (2-

1)[16]. The forward reaction is the calcination of limestone, which is an endothermic reaction, for the 

generation of a sorbent material. The reverse reaction is the carbonation of calcined limestone, an 

exothermic reaction, for capturing CO2 from the flue gas. The forward and reverse reactions are 

dependent on the partial pressure of CO2 and the temperature. The decomposition pressure is 

determined by the thermodynamic equilibrium conditions and is given as[17] : 

2 ,

124.137 10 exp( 20474 / ( 273))CO eqP T   
     

 2-6 
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Figure 2-6: Decomposition pressure of CO2 over CaO as a function of temperature. 

2,eqCOP is in Pa while the temperature T is in oC. The equilibrium partial pressure of CO2 over CaO 

increases with temperature, from ~0.003 bar at 600oC to 1 bar at 900oC (Figure 2-6). The partial 

pressure of CO2 should always be below the equilibrium pressure for limestone calcination to take 

place. Conversely, for the carbonation of calcined limestone, the partial pressure of CO2 should be 

higher than the equilibrium partial pressure. 

In the carbonate looping process, the calcination of limestone has to be carried out at temperatures 

above 900°C for the generation of a sorbent in a CO2-rich atmosphere, and carbonation has to be 

carried out at a temperature around 600°C for high thermodynamic capture efficiency. 

2.3.1 Status on Research and Industrial Application of the Carbonate Looping Process 

The carbonate looping process for capturing CO2 from a flue gas was first proposed by Shimizu et al. 

in 1999[18]. Dual fluidized bed reactors are considered a suitable system for the looping process. 
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Figure 2-7: Schematic of the carbonate looping process[18]. 

In this process, CO2 in the flue gas can be captured by calcined limestone particles as a sorbent material 

in a fluidized bed carbonator. The stream of partly carbonated sorbent particles leaving the carbonator 

is transferred to a second fluidized bed reactor, where the sorbent particles are regenerated to calcined 

limestone. The regeneration of the sorbent particles is carried out in a CO2-rich atmosphere to release 

the captured CO2 in a concentrated form, which can be further processed, compressed and transported 

for sequestration. The energy for regeneration of a sorbent can be supplied by the combustion of fuel 

under oxy-fuel conditions. Furthermore, the carbonate looping process is carried out at a high 

temperature (600-950oC), meaning that high quality energy can be extracted from the process, suitable 

for electricity generation. Thus, the energy penalty for capturing CO2 can be reduced. Figure 2-7 shows 

the schematic diagram of the carbonate looping process. 

The carbonate looping process is considered to be an alternative option for capturing CO2 from fossil 

fuel-based power plants, but it can also be applied to any process industry. This process appears to be 

applicable not only to new plants, but also as a retrofit to existing plants. The potential of this process 
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to reduce the CO2 emissions from fossil fuel-based power plants at a lower energy penalty compared to 

the other alternatives was soon recognized by many research groups across the globe, i.e. INCAR 

(Spain) in 2002[19], Ohio State University (US) in 2002[20], CANMET (Canada) in 2003[21], Tsinghua 

University (China) in 2007[22], TUD (Germany) in 2009[23], IFK (Germany) in 2010[24], the Korean 

Institute of Energy Research in 2007[25], ITRI (Taiwan) in 2011[26]). 

In the early 2000s, a number of the experiments were carried out in a small TGA and in a fixed bed 

apparatus to investigate the influence of reaction conditions[19,21,25,27-35]. The results from these 

experiments were used to understand the reaction kinetics and established the effects of reaction 

conditions on the CO2 capture capacity of the sorbent as a function of looping cycle number. The main 

observation from these results was that the CO2 capture capacity decreases with an increasing number 

of looping cycles. The impact of this result on the process is that the sorbent material in the looping 

process has to be replaced after some time to maintain a high CO2 capture efficiency. This is one of the 

challenges in applying the carbonate looping process. However, research is being carried out to 

improve the CO2 capture capacity of the sorbent material by different methods, such as doping[36,37] 

thermal pre-treatment[38] and reactivation of the sorbent[39]. 

Since the carbonate looping process is a heterogeneous, gas-solid reaction, fluidized bed reactors are 

considered to be the most appropriate for industrial application. So, carbonate looping experiments 

were carried out in a single fluidized bed reactor from 2004 onwards[22,25,40-43] and later on in dual 

fluidized bed reactors from 2009[44-48]. The tests in dual fluidized bed reactors were performed in the 

range from 10 kW-1.7 MWth
[26,49-56] to investigate the feasibility, hydrodynamic stability and influence 

of operating parameters. Lately, scale-up tests in pilot plants (0.2-1.7 MWth) have been carried out by 

the CSIC-INCAR (Spain)[56], IFK[52] and TUD[55]. 



19 
 

Most research groups are focusing on implementing the carbonate looping process in fossil fuel-based 

power plants, which is the natural choice based on the amount of CO2 emitted from this sector. There is 

also growing interest in applying this process to other sectors like the cement industry. Research groups 

in the UK (the University of Edinburgh) and in Spain (CSIC)[57] are investigating the carbonate looping 

process for CO2 capture from the cement industry. Their studies have mainly focused on process 

modeling[58,59].  

2.3.2 Calcination 

The calcination reaction is the primary step for CO2 capture from a flue gas using calcium carbonate as 

a sorbent. After calcination, the produced calcium oxide has only 56% of the mass of the initial parent 

carbonate, since the relative molar volume of calcium carbonate is 36.9 cm3/mol, whereas for calcium 

oxide this is only 16.9 cm3/mol. If there is negligible particle shrinkage, the porosity of calcium oxide 

from a non-porous carbonate will increase to a theoretical value of 0.55. In reality, the final porosity 

will depend on the type of limestone, as different limestones have different initial porosity and 

composition[60], which affects the final structure of a calcined limestone under calcination conditions 

(temperature, reaction atmosphere and time). The final porous structure of a calcined limestone, which 

determines the surface area, plays an important role in the CO2 capture capacity, since the CO2 gas 

reacts with active sites on the surface of a calcined limestone and accessibility to these sites is an 

important parameter. 
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Figure 2-8: Effect of particle size on the rate of calcination at 710°C under a flow of nitrogen [61].  

The calcination reaction is discussed to understand the mechanism and its effects on the CO2 capture 

capacity of limestone. During calcination, two things occur: 1) CO2 release and 2) sintering of the 

particle. The rate of calcination of a limestone particle depends on the particle size, the CO2 partial 

pressure and the temperature at the reaction front. The size of the particle is an important factor that 

determines the kinetics of calcination, as a smaller particle results in a higher reaction rate and vice 

versa, as can be observed in Figure 2-8. Diffusion of CO2 from the reactant surface through the porous 

structure of the particle to the bulk gas surrounding the particle will significantly affect the rate of 

reaction, as the size of the particle increases. For particles in the size range of 1-90 μm, the chemical 

reaction controls the calcination rate[17,61], whereas for particles above 6 mm, the heat transfer rate 

becomes the controlling parameter[62]. For particles between these sizes, the chemical reaction and 

internal mass transfer are the main resistances that control the calcination rate. Thus, the relative 

importance of each resistance depends on the particle size and on the porous structure of the particle. 
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The calcination reaction rate equations established by different researchers are compiled in Table 2-1. 

The rate of calcination is an important factor, because it effects the time for calcination, and it has an 

indirect effect on the final structure of the calcined particle, which affects the CO2 capture capacity.  

 Table 2-1: Calcination reaction rate expressions from the literature. 
Rate equation Constant Ref. 
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In the carbonate looping process, calcination (regeneration) of limestone has to be carried in a CO2-rich 

atmosphere and energy has to be supplied for the endothermic calcination reaction. In the literature, 

different options have been proposed, such as: i) energy transfer using heat-carrying particles, ii) direct 

heat transfer, iii) chemical looping combustion and iii) oxy-fuel combustion[66]. Of these different 

methods, each has its limitations, but the oxy-fuel combustion method appears to be technically 

feasible at this stage. The reaction atmosphere of the regenerator will influence limestone calcination. 

Under realistic calcination conditions, the concentration of CO2 will be the major fraction, followed by 

H2O, SO2 and the other minor components depending on the composition of the fuel.  
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Chen et al.[67] and Wang et al.[68] investigated the calcination characteristics of limestone under oxy-

fuel combustion conditions. The time for complete calcination increased from 2 to 10 min after 

increasing the CO2 concentration from 0 to 80% at a reactor temperature of 950°C[67-69]. The main 

parameter controlling the calcination reaction rate is the difference between the partial pressure of CO2 

and the equilibrium CO2 pressure. Similar experiments were also performed by Wang et al.[68] in a 

fluidized bed reactor. The time required for complete calcination was different, which was due to the 

type of reactor used, but the results were qualitatively similar to those of Chen et al.[67] Increasing the 

H2O concentration theoretically lowers the calcination temperature, and it could be favorable to have a 

high concentration of H2O
[70]. However, there might be other problems in the presence of steam, such 

as sintering[71] and the mechanical stability of limestone, which still need to be evaluated thoroughly. 

SO2 generated from fuel combustion under oxy-fuel conditions can react with limestone or calcined 

limestone to form calcium sulfite/sulfate[72]. Calcium sulfate forms a dense layer on the surface of lime, 

since the molar volume of CaSO4 (46 cm3/mol) is much higher than the parent CaCO3 (36.9 cm3/mol). 

The effect of SO2 on the calcination reaction has not been investigated in detail, and it is expected that 

it may not have any significant effect on the calcination of limestone, but it might affect the CO2 

capture capacity. The ash content present in the fuel is another important factor that has not been 

investigated in the carbonate looping process. 

2.3.3 Sintering 

Sintering is the process of reducing the total surface area of a particle, which takes place at a high 

temperature. The sintering process affects the internal porous structure of the particles, because necks 

develop between adjacent grains and the grains continue to grow in size. Since the growth in grain size 

is fed by adjacent grains, it results in a decrease in the total surface area of the particle. In this process, 
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the distribution of the pore sizes changes, the number of micro-pores decreases and there is a relative 

increase in number of macro-pores. The change in the internal structure of limestone is influenced by 

the temperature, time, sintering atmosphere and the composition of the particle. 

 

Figure 2-9: Porosity and surface area of 2 μm limestone-derived CaO particles (250 mg) after 15 minutes of 

sintering in a N2 atmosphere[73]. 

Borgwardth[73] investigated the degree of sintering of freshly calcined limestone at different 

temperatures. Figure 2-9 summarizes the influence of temperature on the porous structure of calcium 

oxide. The porosity and surface area were to decrease with increasing temperature. 

The influence of the atmosphere on CaO sintering was investigated by Fuertes[74] and Borgwardt[75]. 

Sintering of CaO in the presence of CO2 in N2 resulted in a drop in the specific surface area compared 

with sintering in only N2. Similarly, the presence of water vapor in the sintering atmosphere also 

enhanced the sintering of CaO[75]. This effect was more pronounced in the presence of both CO2 and 
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H2O in the sintering atmosphere[75]. The change in surface area with sintering time can be described by 

the German-Munir model[73-75].  
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2-7 

In this equation, oS and S[m2/g] are the initial surface area and the surface area at time t , respectively. 

sk [1/s] is the sintering rate constant depending on the temperature and   is a parameter which 

depends on the type of transport mechanism between the grains during the sintering process.  

The rate of sintering of CaO prepared from pure CaCO3 is 10 times lower than for CaO prepared from 

a natural limestone[65]. This was attributed to the presence of foreign ions in the natural rock. These 

ions produce defects in the crystal lattice, which encourage lattice diffusion. So, the composition of 

limestone is also a very important factor that affects the final surface area of the calcined limestone. 

Agnew et al.[76] investigated the calcination and sintering of limestone in a combustion atmosphere. 

Their main focus was on evaluating the surface area of calcined limestone depending on the rate of 

calcination and the rate of sintering. An increase in the calcination temperature resulted in a higher 

calcination rate and reduced the time necessary for sintering, resulting in larger pore structures 

compared to calcination carried out at a lower rate for a longer period of time. 

 In the carbonate looping process, the calciner is operated in a CO2-rich atmosphere, meaning that 

temperature in the calciner is higher than 900°C. Along with a high concentration of CO2, there might 

be H2O in a significant fraction due to fuel combustion. The high concentration of CO2 and H2O 

enhance sintering and reduce the surface area of the calcined particles[75]. Chen et al.[67] investigated the 

sintering of limestone under CO2-rich conditions. The final surface area and the pore size of limestone 

calcined in a CO2-rich atmosphere were lower than those calcined in air at the same temperature. The 
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influence of some of the oxy-fuel conditions on calcined limestone properties is evident, but a detailed 

investigation under realistic calcination conditions is still not available in the literature, except for one 

study by Lu et al.[77]. 

2.3.4 Carbonation 

The efficiency of the carbonate looping process depends on the degree of carbonation of the calcined 

limestone particle. Carbonation is the reverse of the calcination reaction (2-1), and it is an exothermic 

reaction. The conditions during carbonation should have the right balance between a high temperature, 

which favors the rate of reaction and a low temperature, which reduces the thermodynamic equilibrium 

limitation (see Figure 2-6). The conversion of a calcined limestone particle is far from theoretical full 

conversion because CO2 gas has to diffuse from the bulk gas to the reaction surface. The accessibility 

of the reaction surface to CO2 gas is reduced due to sintering of the particle and due to product layer 

formation. This is one of the challenges for industrial application of the carbonate looping process. 

Baker[78] investigated the carbonation reaction and found that the carbonation reaction has two 

characteristic stages: a rapid initial rate followed by a slower rate to a final conversion plateau. The 

abrupt shift in the reaction rate from fast to slow is due to a change in the reaction regime. Recently, it 

was revealed that the shift in the reaction rate occurs after the formation of a product layer of a critical 

thickness, which was estimated to be 50 nm[28]. The carbonation reaction time has an influence on 

sorbent conversion in the fast regime, whereas its relative influence after the shift in the reaction 

regime is not significant for practical application. It is natural to expect an influence of the particle size 

on the degree of re-carbonation at a given time. However, it has been shown that there was no 

significant influence in the size range tested from 74 to 149 μm[79]. The relatively limited influence in 

this range of particle size might be due to the reaction pattern, which is expected to be uniform 



26 
 

throughout the particle, unlike for the case of sulfation, which causes pore blockage due to the higher 

molar volume of sulfate compared to calcium carbonate. The influence of particle size in the range 

from 250 μm to 1 mm was investigated by Grasa et al.[34]; it was found that an increased particle size 

decreased the rate of carbonation due to internal mass transfer limitations.  

 

Figure 2-10: Effect of temperature and particle size (filled: 129 to 149 µm, open: 74 to 88 µm) on the 

carbonation conversion of calcined limestone[79]. 

Figure 2-10 shows the conversion of calcined limestone as a function of time for different temperatures, 

particle sizes and CO2 concentrations. The influence of temperature was investigated by Bhatia and 

Perlmutter[79] and Wang et al.[80]. The experimental results from Wang et al.[80] showed that an increase 

in temperature from 500 to 800°C increased the reaction rate, whereas the results of Bhatia and 
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Perlmutter[79] indicated that rate of reaction increased up to 700°C and dropped with a subsequent 

increase in temperature[79]. An increase in the carbonation temperature increases the rate of reaction if 

the concentration of CO2 is well above the equilibrium concentration in the fast reaction regime. After 

the shift in reaction regime from fast to slow, the influence of temperature on the rate of reaction is not 

significant. The major difference in reaction conditions in the studies by Wang et al.[80] and Bhatia and 

Perlmutter[79] was the CO2 concentration. Wang et al. investigated carbonation at 80 vol.% CO2 

compared to 10 and 42% by Bhatia and Perlmutter[79].  

The influence of the CO2 concentration during carbonation was investigated by Sun et al.[33,81] and 

Grasa et al.[34,82], who concluded that the CO2 partial pressure has no significant influence if it is above 

10 vol.% at a constant temperature. If the CO2 concentration is below 10 vol.%, then the rate of 

carbonation is expected to be linearly dependent on the difference between the partial pressure of CO2 

and the equilibrium partial pressure[33,79,81,82]. The reaction atmosphere is another important parameter, 

which may influence carbonation, especially regarding SO2 and H2O, which are usually present in the 

flue gas. Wang et al.[80] investigated the influence of H2O on the degree of carbonation at different 

temperatures from 250-800°C at 80 vol.% CO2. Their results showed that the presence of 8 vol.% H2O 

had a significant influence on the rate of reaction and the final conversion at a 600°C, but further 

increases in the H2O concentration up to 15 vol.% did not have any additional effect. The presence of 

H2O catalyzed the carbonation reaction, which resulted in higher conversion compared to carbonation 

without water. However, their experiments were carried out with very high CO2 concentrations, which 

may not be applicable to realistic carbonation conditions, although this has not yet been investigated.  

SO2 is usually present in the reaction atmosphere and is expected to affect carbonation since it reacts 

with limestone. So, there might be competition between CO2 and SO2 for reactions with calcined 
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limestone. Ryu et al.[41] investigated simultaneous CO2 and SO2 capture for three different types of 

limestones in a fluidized bed reactor. The general trend was that CO2 capture capacity decreased with 

increasing SO2 concentration, but the degree of decay was dependent of the type of limestone.  

 

Figure 2-11: Total conversion of calcined limestone at 850°C at 1 atm with 250-215 µm Strassburg limestone. 

The top and bottom curves are for the limiting case where there was only CO2 or SO2, respectively. Points are for 

the simultaneous capture case showing total calcium conversion (squares), conversion due to CO2 capture 

(triangles) and conversion due to SO2 capture (circles)[83]. 

More detailed investigations were carried out by Sun et al.[83], presented in Figure 2-11, where the SO2 

concentration was 2900 ppmv, with 3 vol.% O2, 80 vol.% CO2 and the remainder as N2. In this figure, 

the differences in simultaneous CO2 and SO2 capture were compared with only SO2 or CO2 capture. In 

the initial period, there was no effect of SO2 on carbonation, but after the formation of the carbonate 

product layer on the surface, direct sulfation took place, resulting in negative conversion of carbonate. 

The decay in the CO2 capture capacity was due to pore blockage, resulting from direct sulfation after 
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the end of the initial fast carbonation. In the carbonate looping process, it is expected that the presence 

of SO2 might not influence the carbonation reaction, as the expected residence time of the particles is 

less compared to the reaction times presented in Figure 2-11; however, the presence of SO2 is expected 

to increase the decay in CO2 capture capacity in subsequent cycles[35,41,77,83,84]. Most of the literature 

data for simultaneous carbonation and sulfation were obtained with temperatures above 800°C[35,83,84], 

which are far from realistic carbonation conditions. 

The other important factor that influences the carbonation reaction is the calcination conditions. Grasa 

and Abanades[31] investigated the calcination temperature on the CO2 capture capacity of limestone. 

They concluded from their study that the calcination temperature does not have a significant influence 

on the CO2 capture capacity until 950oC, whereas above 1000oC, the decay in CO2 capture capacity is 

severe. This observation might be because of their experimental conditions, where calcination and 

carbonation were carried out in the same atmosphere, which means that carbonation might have started 

even before the set carbonation temperature was reached. This might have resulted in some deviations 

in the calcination temperature effect below 950oC. Grasa and Abanades[34] later modified their 

experimental procedure by removing CO2 during the temperature transition period. However, the 

influence of the calcination temperature on cyclic carbonation was not investigated. Christensen[85] 

investigated the effect of calcination conditions and showed that increasing the calcination temperature 

reduced the CO2 capture capacity of limestone. Manovic et al.[36] investigated the influence of the 

reaction atmosphere during calcination by simulating the cyclic process in N2 and pure CO2 at 950oC. 

The CO2 capture capacity of limestone dropped significantly, when calcined in a CO2 atmosphere 

compared to calcination in N2. The calcination conditions have a significant influence on the 

carbonation of limestone due to sintering phenomena, which affects the final surface area of the 

calcined limestone and the distribution of the pore volume. If the final surface area after calcination is 
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high with a suitable pore size distribution, this results in a high degree of carbonation. The influence of 

the CO2 concentration during calcination on the degree of re-carbonation was investigated by Bhatia 

and Perlmutter[79]. An increase in the concentration of CO2 resulted in a shift in the pore size 

distribution of the calcined limestone from small to larger pores, which had a negative impact on the 

final conversion of the calcined limestone. Thus, the factors that enhance sintering during the 

calcination of limestone, as discussed in the sintering section, have negative effects on re-carbonation. 

2.3.5 Looping Cycles  

In the carbonate looping process, as said before, sorbent particles are looped continuously between a 

calciner and a carbonator. Baker[78] was the first to study calcination and carbonation cycles with 

limestone, and found a decaying trend in the CO2 capture capacity of limestone with an increasing 

number of cycles. Grasa and Abanades[31] investigated a long series of experiments under conditions 

relevant to the carbonate looping process, which showed the decay of limestone particles with an 

increasing number of cycles until an asymptotic residual capacity was reached. Figure 2-12 shows the 

cyclic process of a carbonate looping process operated at 0.1 MPa at 10 vol.% CO2, repeatedly cycled 

between 850oC and 650oC, where equilibrium favorable conditions imply calcination or carbonation. In 

these cycles, the characteristics of the looping process can be observed, in that the calcination reaction 

is fast with a sudden drop in weight; similarly, carbonation is a fast reaction followed by a slow 

carbonation reaction regime. In Figure 2-12, the sample mass after calcination remains constant, 

whereas the mass after carbonation decreases dramatically with an increase in the number of cycles. 

The decay in the CO2 capture capacity decreases significantly in the initial 10 cycles compared to later 

cycles. Grasa and Abanades[31] investigated the effect of the calcination temperature on the CO2 capture 
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capacity. In their study, it was found that from one cycle to the next cycle, there was a significant 

difference in decay with increasing calcination temperature in the initial cycles. 

 

Figure 2-12: Sample mass change vs. time for carbonate looping cycles. Limestone: Piaseck, particle size 0.4-0.6 

mm, calcination temperature 850oC, 5 min; carbonation temperature 650oC, 5 min; both at PCO2 0.01 MPa in 

air[31]. 

Manovic et al.[36] investigated the influence of the reaction atmosphere during calcination by simulating 

the looping process in N2 and pure CO2 at 950oC. The CO2 capture capacity of limestone from one 

cycle to the next cycle had no significant dependence on the reaction atmosphere. The results from 

Grasa and Abanades[31] and Manovic et al.[36] indicate two things: the calcination temperature 

influences the CO2 capture capacity in the next cycle, whereas the calcination atmosphere does not 

have a significant influence. The influence of calcination time was investigated by Gonzâlez et al.[86]. 

With increasing calcination time, the drop in the CO2 capture capacity from one cycle to the next cycle 

was higher due to increase in sintering time. At a given temperature, the effect of the calcination time 

on sorbent decay is still comparatively lower than the effect caused by repeated cycles, assuming a 



32 
 

similar cumulative calcination time during looping cycles. There is no information available on the 

influence of the duration of the carbonation step. The reason for this might be because the time for 

carbonation in the initial fast reaction regime is short and longer carbonation times are not relevant for 

practical applications. During cyclic processes, the internal morphology of the limestone will change 

continuously due to the release of CO2 during calcination and the formation of CaCO3 during 

carbonation. The change in morphology can be estimated by characterization of the pores in the 

calcined and carbonated samples[28,30]. With an increase in the cycle number, the estimated average 

pore diameter increases, which entails a smaller surface area. The smaller surface area influences the 

CO2 capture capacity of limestone.  

 

Figure 2-13: Pore size distribution in freshly calcined limestone (top) and the pre-sintered series (bottom). The 

curves on the left are from calcined and on those the right from carbonated samples[30]. 
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Figure 2-13 shows the pore size distribution of the carbonate and the calcined limestone, illustrating the 

shift in the pore size distribution with an increasing number of cycles. There are two different scenarios 

possible for the decay in CO2 capture capacity due to sintering. The first one is sintering of calcium 

oxide and the second one is sintering of calcium carbonate. There is no discussion or data in the 

literature as to whether this occurs due to the sintering of calcium oxide or calcium carbonate. Since the 

sintering temperature of calcium oxide is very high compared to that of calcium carbonate, the sintering 

phenomenon may start during the carbonation stage and accelerate during the heating of calcium 

carbonate until the equilibrium calcination temperature is reached.  

 

Figure 2-14: Comparison of the CO2 capture capacity, SO2 capture capacity, and total calcium utilization for 

three types of limestone[41]. 
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The effect of looping cycles on the SO2 retention was investigated by Grasa et al.[84], Manovic et al.[87], 

Arias et al.[88] and Ryu et al.[41]. With an increasing number of cycles, the decay in the CO2 capture 

capacity decreased, as shown in Figure 2-14 due to the retention of SO2. However, Grasa et al.[84] 

showed that spent limestone from the looping cycles tended to have a higher sulfation capacity due to 

changes in the texture of the limestone particles. A similar conclusion was also obtained by Manovic et 

al.[87], except for one type of limestone with significant particle shrinkage which resulted in lower 

sulfation compared to the original limestone. So, the evolution of pore structure during looping cycles 

also affects the SO2 retention capacity of limestone. 

2.3.6 Type of Limestone 

All the above mentioned factors, such as the calcination temperature, CO2 concentration and 

calcination time, influence the decay in the CO2 capture capacity, which is further accelerated by 

looping between calcination and carbonation conditions. However, one other important factor, which 

has not been considered in depth, is the influence of other components present in natural limestone. 

Since natural limestone contains many other components along with calcium carbonate, even though 

the fractions are very small compared to calcium carbonate, these might influence the CO2 capture 

capacity of the limestone in the looping process.  

The type of limestone used as a sorbent for the carbonate looping process is another parameter that 

influences carbonate looping process system design. Different types of limestone have different 

compositions, which varies widely based on geographical location. Furthermore, the composition can 

even vary from location to location in the same quarry. Along with the composition, natural limestone 

particles may vary structurally in terms of the porosity distribution and the mechanical strength. Thus, 

different limestone samples, upon calcination, might generate different textures which might result in 
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different reaction patterns and influence the CO2 capture capacity and the design of the system. There 

have been extensive studies on the influence of the type of limestone on sulfur capture[72,89-93] in 

combustion systems, where a ranking has been made for different types of limestone based on the 

performance of limestone in capturing sulfur[72]. Grasa and Abanades[31] studied the influence of five 

different types of limestones and one dolomite over a large number of looping cycles; their results 

showed a small difference expect for one limestone (Gotland), which had a markedly poorer 

performance. The deviation observed in the results was not addressed in their study. Gotland limestone 

was also used for investigating sulfur capture, and showed poorer performance compared most other 

limestones[72]. So, it seems that the classification of limestone for sulfur capture could also be applied 

to CO2 capture. A certain type of limestone might have poor capture capacity, but the general trend in 

CO2 capture capacity is similar to high purity carbonates[78]. Grasa et al.[34] revealed that for the five 

different types of limestone tested, the rate of carbonation during the fast reaction regime was similar, 

but during the slow reaction regime, there were significant differences resulting in differences in the 

final CO2 capture capacities. Alvarez et al.[94] investigated nine different types of natural limestone 

classified according to the composition and parent crystal size. The objective was to classify them 

according to CO2 capture capacity and mechanical strength. The limestones that were not highly 

crystalline or amorphous showed better performance both in terms of CO2 capture capacity and 

resistance to mechanical degradation. Similar experiments were performed by Fennell et al.[42] on five 

different types of limestone. The CO2 capture capacity of different limestone types was different due to 

differences in the pore structure evolution of the different limestone types after calcination[95]. However, 

all the limestones had similar reaction rates until the formation of the carbonate layer (50 nm thick and 

beyond), at which point the reaction rates were different. This point was also revealed earlier by 
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Alveraz et al.[28] for two different limestones, where the formation of the product layer was found to be 

characteristic of the change in the reaction regime.  

Kruczek[96] investigated 16 types of natural limestone, where the evolution of the surface area, porosity 

and the average pore radius were plotted with respect to the looping cycle number. The trend in the 

evolution pattern was similar for certain types of limestone, whereas for others it was different; there 

was no detailed reasoning provided for this phenomenon, owing to the complexity of the composition 

of the different limestones. Furthermore, the change in crystal phases (CaCO3/CaO) of the natural 

limestone after calcination and carbonation cycles was very different from the parent sample. Under 

ideal conditions, it is expected that the crystal phase will be similar to the parent sample, but there were 

many unidentified crystal phases after re-carbonation[96]. It was concluded that there could be some 

interaction between different compounds in natural limestone, leading to the formation of new phases, 

when natural limestone is subjected to high temperature. These different phases, formed at a high 

temperature, might also have an influence on the CO2 capture capacity. 

Most of the investigations described earlier were not carried out under realistic carbonate looping 

conditions; some were conducted under mild conditions[28,31,34,42], and some at unrealistic CO2 

concentrations during carbonation[94]. So, under realistic conditions, the results might differ from what 

was observed in those studies. The experiments by Christensen[85] (Master’s thesis) were performed 

under realistic conditions. The CO2 capture capacities of different limestones were different in the 

initial cycles, but in later cycles, the deviation in the CO2 capture capacity was insignificant. 

Comparing different calcination conditions, the decay was much more severe in the study by 

Christensen[85] than that observed by Grasa and Abanades[31]. One reason for the decay in the CO2 

capture capacity might be structural changes, where different types of limestone develop different 

textures upon continuous looping. The porous structure in the limestone particle is dependent on the 
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looping cycle number and the degree of sintering, which shifts the average pore diameter from small to 

large with an increasing number of cycles, thus affecting the CO2 capture capacity.[30]  

2.3.7 Techniques for Improving the CO2 Capture Capacity of a Sorbent 

The general trend in the CO2 capture capacity of sorbents is that it decays with increasing number of 

cycles. There have been efforts to improve the sorbent properties by different methods, like pre-

treatment of the sorbent, intermediate reactivation steps and doping. Hydration was one of the methods 

chosen for improving the sulfur capture capacity of limestone[97]. Manovic et al.[98] investigated the 

effect of steam reactivation and showed that it had a significant effect on the CO2 capture capacity. 

Arias et al.[99,100] investigated the reactivation mechanism in detail and concluded that the there was no 

significant influence on the rate of reaction in the fast reaction regime, but the shift in the reaction 

regime took place at high conversion, when the sorbent was reactivated using steam. The improved 

performance of the sorbent, when reactivated by steam, was due to morphological changes in the 

sorbent. It was observed that particles swelled instead of shrinking after reactivation, which resulted in 

better perforamce[101]. The other option proposed for improving sorbent capture capacity is thermal pre-

treatment, where the sorbent is exposed to high temperature to form a stable structure which does not 

undergo further sintering at a lower temperature[102,103]. Thermally pretreated sorbents were found to 

have reduced capture capacity in the initial cycles which increased with the number cycles to reach a 

stable capture capacity. The reason for this observation was explained based on the pore-skeleton 

model by Manovic[102], and Okunev and Lysikov[104] explained that a new surface develops due to 

cyclic CO2 capture and release, which changes the texture and improves the CO2 capture capacity. 

However, there were contradictions to a generalization of this theory, as some limestones did not show 

any improvement in the CO2 capture capacity[30]. The reason stated for this deviation was the difference 
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in the composition of the parent sorbents. The sorbent which had Al2O3 and SiO2 showed a positive 

effect upon thermal pre-treatment, whereas the sorbent containing Na2O showed a negative effect upon 

thermal treatment. Thus, the presence of other impurities also affects the CO2 capture capacity[21,38]. 

The other alternative investigated for improving the CO2 capture capacity of sorbent is the doping 

method by Salvador et al.[21], Manovic and Anthony[105,106] and Koirala et al.[37]. Improved CO2 capture 

capacity of sorbent by the doping method was achieved by the formation of a stable compound which 

controls the sintering process and retains the porous structure. High CO2 capture capacity was 

maintained even after 30 looping cycles, when limestone was blended with calcium aluminate 

cements[105]. Thus, compounds formed during the looping process might influence the CO2 capture 

capacity[88]. In the doping method, the key is the formation of mayenite due to the interaction between 

calcium oxide and aluminum oxide. In order to evenly distribute the mayenite formed in the sorbent, 

two options were investigated: 1) pelletization[106] and 2) flame spray pyrolysis[37]. In the pelletization 

method, natural limestone is mixed with a binder, which requires doping compounds[106], and is 

extruded to form pellets. In the flame spray pyrolysis method, a solution is prepared with the doping 

element in a suitable solvent, which is fed into the flame reactor using oxygen as a dispersion agent. 

The doping element reacts with the sorbents at high temperature, producing a fine powder with stable 

sorbent characteristics. 

2.3.8 Investigations in a Fluidized Bed Reactor  

A suitable system for the carbonate looping process is two inter-connected fluidized bed reactors. For 

industrial application, it is important to understand the looping process in the fluidized bed reactor, as 

the operating conditions in the fluidized reactor are different from the TGA apparatus generally used to 

investigate the cyclic process. Experiments were performed in a single fluidized bed reactor to 
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investigate the behavior of a fluidized bed reactor for CO2 capture by calcined limestone[40]. The effects 

of repeated cycles on the sorbent[42], the simultaneous capture of CO2 and SO2
[41], the effect of coal ash 

with limestone[107] and the hydrodynamic characteristics[108] were investigated. The experiments 

performed in a single fluidized bed reactor are summarized in Table 2-2. Salvador et al.[21] tried to 

compare the CO2 capture capacity of limestone from a TGA with that from a fluidized bed reactor and 

found deviations in the final CO2 capture capacities. Abanades et al.[40] demonstrated that a fluidized 

bed reactor is a suitable reactor for CO2 capture in a bed of calcined limestone. The CO2 concentration 

profile in the bubbling fluidized bed reactor was measured along the bed height with respect to time. 

The results showed that the fluidized bed reactor was effective for CO2 capture from the flue gas, and 

capture depended on the active fraction of the calcined limestone. Fennell et al.[42] investigated on the 

CO2 capture capacity and attrition of the particles due to repeated cycles. The general trend in the CO2 

capture capacity was similar to the TGA apparatus, and around 10% of the mass was lost due to 

attrition during the 8 h operation period. Mahadzir and Zainal[108] investigated the hydrodynamic 

characteristics of calcined limestone mixed with sand and proposed a different mixture composition 

with good fluidization properties for different particle sizes with respect to the operating conditions. 

Galloy et al.[55] demonstrated the carbonate looping process in a single fluidized bed reactor (470 

MWth) to test the CO2 capture rate as a step for industrial scale application. In this test, the carbonator 

was operated in a bubbling regime, but for industrial application, the carbonator has to be operated in a 

fast fluidization regime for continuous CO2 capture from large volumetric gas flow rates relevant to the 

industrial scale. This requires continuous circulation of particles into the carbonator to replace the 

entrained particles. So, experiments were carried out in dual fluidized bed reactors for continuous 

operation. Parametric investigation of the carbonate looping process was carried out in a 10 kWth scale 

plant[51]. One of the main challenges in the dual fluidized bed reactor is the controlled transport of 
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particles between the two reactors, which is critical for stable operation of the looping process. In lieu 

of this novel inter-connected fluidized bed system, experiments were also proposed with a focus on 

transporting the sorbent from one reactor to the other[45]. Charitos et al.[24] performed a hydrodynamic 

analysis on a dual fluidized bed reactor (IFK) to test a cone-valve to control the flow of sorbent and to 

determine the stable operating conditions. The pilot scale investigations were carried out by three 

research centers, i.e. CANMET[44], INCSAR-CSIC[53] and IFK[51]. A summary of the tests in dual 

fluidized bed reactors is shown in Table 2-3. 
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Table 2-2: Summary of experiments in a single fluidized bed reactor  

Focus Limestone H [m] D [m]
scale 
[kW] dp [mm] Calcination Carbonation 

Initial  
bed [kg]  Ref. 

Reactivation of 
limestone 

Cadomin,  
Havelock 5 0.1 75 0.65-1.67 850°C1 650°C,15%CO2 5  

Salvador et al. [21] 

CO2 profile in the bed Cadomin, Havelock 5 0.1 75 0.65-1.68 850°C1 650°C,15%CO2 5 
Abanades et al. [40] 

Simultaneous 
SO2/CO2 

Strassburg, Luscar, 
Danyang 1.17 0.1 n/a 0.35-0.6 850°C1 

700°C,16% CO2, 
2000-4000 ppmv 2  

Ryu et al.[41] 

Effect of cycles 

Purbeck, Penrith, 
Cadomin, Glen- 
Morrison, Havelock 0.46 0.03 n/a 0.5-.71 750°C2 750°C,14% CO2 30 g  

Fennell et al.[42] 

Cyclic characteristics 
Limestone , 
dolomite 0.035 n/a 0.2-0.45 950°C3 650°C,16% CO2 90 g 

Fan et al.[109] 

Effect of coal ash 
Limestone , 
dolomite 0.035 n/a 0.2-0.45 950°C3 650°C,16% CO2 105 g  

Fan et al.[107] 

Effect of           
sorbent properties 

Limestone , 
dolomite, 
CaO/Ca12Al14O33 0.035 n/a 0.2-0.45 950°C3 650°C,16% CO2 90 g 

Li et al.[110] 

Particle size Calcined dolomite 0.66 0.06 n/a 
0.098,0.0.
78,1,1.5* 850°C2 650°C,15% CO2  300 g  

Felice et al.[111] 

Fluidization 
properties Calcined limestone 0.6 0.074 3 0.1,0.5,1* 700°C,20% CO2 1 

Mahadzir et al. [108] 

Pilot scale test Calcined limestone 8.66 0.6 470 0.43* 800°C1 700°C,15% CO2 150 
Galloy et al.[55] 

1: air; 2: N2; 
3: 90%CO2 
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Table 2-3: Summary of dual fluidized bed reactor experiments and the tests conducted. 

  
Scale 
[kWth] Particle recirculation H, i.d. Study  Ref. 

CANMET 70 Air lifting particles 5 m, 0.1 
Dual bed testing and CO2 capture from syn-
gas 

Lu et al. [44,112] 

OSU 120 Entrained flow by induced draft fan n/a Parametric study 
Wang et al.[54] 

KIER Cold High velocity gas 1, 0.15 Particle transportation 
Ryu et al.[45] 

Tsinghua 10s 
solid injection nozzle similar to 

KIER(0.8 kg/m2s) 1, 0.15 
Continuous operation with particle 
transportation 

Fan et al.[46] 

IFK 10s a cone valve (<10 kg/m2s) 12.4, 0.71 
Dual bed hydrodynamics and parameter 
investigation 

Charitos et 

al.[24,49] 

IFK 200 a cone valve 10, 0.22 Stable operation at the pilot scale 

Hawthorne et 

al.[52] 

INCAR 30 loop seal (0.5-2.2 kg/m2s) 6-6.5, 0.1 Continuous operation 

Abanades et 

al.[113,114] 

INCAR 
1.7 

MWth loop seal (5-10 kg/m2s) 15, 0.65-0.75 Stable operation at the pre-industrial scale 

Sánchez-

Biezma et al. 

2012[56] 
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2.3.8.1 Attrition 

In the CLP, the circulation of limestone particles between the two fluidized bed reactors might have an 

influence on the mechanical stability of particles due to attrition. The direct consequence of this 

phenomenon is an increase in the number of fine particles at the expense of larger particles. The 

knowledge on this phenomenon could be used for redesigning cement plants, where larger sorbent 

particles can be used as the sorbent and the fine particles could be used for clinker production. There 

are many studies on the attrition of limestone in fluidized bed combustors related to SO2 capture[115-117], 

but very few studies have been done on the attrition of limestone in the CLP process[42-44,50]. The rate of 

attrition depends on many factors, such as particle size, porosity, hardness, shape, operating conditions 

and design. Hawthorne et al.[52] and Charitos et al.[51] investigated attrition in 200 kWth and 10 kWth 

pilot scale dual fluidized bed reactors, respectively. Their results showed that sorbent loss was less than 

5 wt.% and 2 wt.% of the total bed inventory per hour in the 200 kWth and 10 kWth pilot scale plant, 

respectively. Jia et al.[43] investigated attrition for five types of Canadian limestone in laboratory 

(quartz) and pilot scale CFB reactors. In the laboratory scale fluidized bed reactor, agglomeration of 

particles was observed, which might have occurred because of fine particles sticking to the surface of 

larger particles, whereas this observation was not found in the pilot scale test. The results from the pilot 

scale CFB reactors showed that the degree of attrition varied considerably for these types of limestone. 

For most of the limestones tested in the CFB reactor, attrition was significant in the initial few cycles 

compared to later cycles. Lu et al.[44] investigated attrition in dual fluidized bed reactors using 

Havelock limestone, which was one type of limestone tested by Jia et al.[43] in a CFB. The attrition 

behavior for Havelock limestone in a CFB reactor was different compared to a dual fluidized bed 

reactor. In the dual fluidized bed reactor, attrition was not limited to the initial few cycles, as normally 

observed in the CFB. So, the attrition of limestone depends not only on the type of limestone, but also 
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on the system. Furthermore, it was found that a significant amount of material was lost from the bed in 

the form of fine particles. Understanding the attrition characteristics of limestone in a fluidized bed 

reactor requires in-depth knowledge of the particle breaking mechanisms to determine the attrition rate 

constants. As an alternative, an empirical model has been proposed to determine the rate constant. 

Gonzalez et al.[50] carried out experiments in dual fluidized bed reactor for two types of limestone. The 

results showed high attrition at the beginning which reduced the size of the particles which remained 

relatively constant over a long operation period. Different empirical models were used to fit the 

experimental data from Gonzalez et al.[50] and to estimate the attrition constant. However, the 

experimental data available to develop a generalized model, which predicts the attrition constant 

depending on operating conditions, like gas velocity and properties of the sorbent, is still far from 

adequate. 

2.4 Modeling Review 

2.4.1 Gas-Solid Particle Model 

Understanding the underlying mechanism of CO2 capture by a calcined limestone is important for 

developing the carbonate looping process. In any gas-solid reaction, there are a number of basic steps 

involving external mass transfer, surface reactions, intra-particle diffusion and diffusion through the 

product layer. These steps might take place simultaneously or successively depending on the particle 

size, the particle structure and the reaction conditions. In order to describe CO2 capture according to 

limestone type, different models have been developed like the spherical grain model[118], the pore 

model[81,82] and the shrinking core model[111]. Table 2-4 summarizes the list of different particle models 

proposed in the literature to describe the conversion of calcined limestone particles.  
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Table 2-4: Different gas-solid particle reaction models developed to explain the carbonation reaction. 
Particle rate equation Parameters Constants Ref. 
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The objectives of these models were different. For example, the spherical grain model[118] and the 

random pore model[81] were developed to explain the abrupt shift in the reaction rate, and both required 

numerical simulation. Felice et al.[111] applied a simple shrinking core model to determine the influence 

of the particle size on the rate of carbonation and for estimating the diffusion coefficient as a fitting 

parameter. Garsa et al.[82] developed a model to explain both the abrupt shift in the reaction rate and 

also the effect of the cycle number based on the random pore model developed by Bhatia and 

Perlmutter[79,119,120]. The model was developed in an analytical form, which was split into two steps: the 

first step considers only the reaction in the fast reaction regime until the critical conversion limit 

estimated from product layer thickness, and the second step considers the diffusional resistance added 

to the reaction. This model requires data to define the initial surface area, pore length and the porosity 

of the calcined limestone. Along with these data, it also needs information related to the drop in CO2 

capture capacity and residual CO2 capture capacity. For the carbonate looping process, the expected 

residence time of a particle in the carbonator is short, which eliminates the importance of the slow 

reaction regime controlled by diffusion. So, a particle model which predicts the initial fast regime, like 

the spherical grain model, is more relevant for integration into reactor models compared to complex 

models. 

From the experimental results, it was observed that the conversion rate of the sorbent was rapid at the 

beginning of the reaction until a certain degree of conversion, and then shifted to a lower rate. This 

trend was observed for all cycles, with the difference being in the final conversion. So, there is interest 

in developing the model to predict the decay in the CO2 capture capacity, which is important for 

process evaluation. Table 2-5 summarizes the equations used for the estimation of the final CO2 capture 

capacity as a function of cycle number. 
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Table 2-5: Correlation equations developed to explain the final conversion of calcined limestone as a function of 
cycle number. 
Correlation equation Constants Ref. 
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Some of the models were developed by Abanades et al.[27], Wang and Antony[29] and Grasa et al.[31]. 

Among these decay models, the model developed by Grasa et al.[31] predicts more accurately the CO2 

capture capacity with respect to cycle number compared to the other models. Based on the same 

principles used by Garsa et al.[31], a model was also recently developed by Arias et al. to predict the 

self-reactivation of highly sintered CaO[121].  

2.4.2 Carbonator Reactor Models 

Carbonator reactor models were developed to evaluate the performance of the carbonator. Since a 

fluidized bed reactor is most suitable for the gas-solid carbonation reaction, fluidized bed reactor 

models were applied. The list of different carbonator models is presented in Table 2-6. Abanades et 

al.[40] developed a bubbling fluidized bed reactor model based on the KL fluid bed theory[122] to 

describe their experimental results obtained from a pilot scale (~10 kW) fluidized bed reactor. The 

model predicted the CO2 concentration profile in the fluid bed and agreed reasonably well with the 

experimental data. This model was used to evaluate the influence of active fraction in the bed on CO2 
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capture efficiency. However, bubbling fluidized bed reactors are not relevant for industrial application 

because they require a large cross-sectional area owing to low gas velocities and high throughput.  

Table 2-6: Reactor models developed to investigate the influence of parameters. 
Reactor model Parameter investigated Reaction rate expression Ref. 
Bubbling fluidized 
bed 
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Ströhle et al.[23] developed a fast fluidized bed reactor model to predict CO2 capture efficiency. In this 

model, the particle distribution profile was estimated from the hydrodynamic model in the presented in 

the fluidization engineering[122]. This model was used to simulate the carbonate looping process for 

capturing CO2 from the flue gas from a power plant to estimate the energy penalty. However, there 

were no experimental data available to validate the model. Alonso et al.[123] developed a simple 

carbonator model assuming a well-mixed particle phase and plug flow for the gas phase due to the lack 

sufficient knowledge on the fluid dynamics of the carbonator reactor. This model was used to predict 
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CO2 capture efficiency based on the operating conditions and to evaluate the suitable conditions for 

high capture efficiencies. Fan et al.[107,109] developed KL-based fluidized bed reactor models for 1) the 

bubbling regime[109] and 2) the fast regime[107]. The bubbling fluidized bed model was used to predict 

the experimental results from a small (0.0038 m i.d.) fluidized bed reactor by applying reaction rates 

estimated from a TGA apparatus. The fast regime model was developed to investigate the influence of 

operating parameters on the CO2 capture characteristics considering the sorbent circulation, the sorbent 

activity loss and the average carbonation kinetic rate and to predict the performance of the carbonator 

simulated in a fast regime. Lasheras et al.[124] used the carbonator model developed by Ströhle et al.[23] 

to investigate the sensitivity of process parameters and the reactor model parameters on the 

performance of the carbonator. Felice et al.[111] proposed a simple flow with a reaction model to predict 

transient behavior using an empirical transfer coefficient estimated from experiments in a small 

fluidized bed reactor. More recently in 2012, Romano[125] developed a carbonator reactor again based 

on the Kunii-Levenspiel theory[122,126,127], and the results predicted by the model were compared with 

the experimental data from pilot scale plants. In all these models, the key parameter, i.e. the particle 

distribution profile along the height of the reactor, was assumed from the literature. So, a reactor model 

validated with dedicated experimental data is still not available. 

2.4.3 Carbonate Looping Process Simulation 

The first process simulation for CO2 capture from power plants was made by Shimizu[18]. In this study, 

a comparison was made between oxy-fuel combustion and the carbonate looping process. The 

preliminary study indicated that the carbonate looping process has a higher net energy efficiency 

compared to oxy-fuel combustion. Abanades et al.[66,128,129] evaluated the carbonate looping process 

with the main focus on parameters like the sorbent cost as well as sorbent regeneration options 
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compared to other CO2 capture processes, i.e. the oxy-fuel and amine processes. The cost of limestone 

was much lower (360 times) than the cost of amine to capture 1 mol of CO2 from the flue gas. The 

energy efficiency of the carbonate looping process (0.38) was greater compared to the oxy-fuel process 

(0.33), but lower than reference plants (0.46) without CO2 capture. Hughes et al.[130] simulated the 

carbonate looping process using the Aspen simulation tool to evaluate the process. The main 

conclusion from this study was that that the O2 requirement for the carbonate looping process is one 

third of that required for oxy-fuel combustion for a plant of the same size. Ströhle et al.[23] simulated 

the carbonate looping process for CO2 capture from a power plant with for two cases: 1) complete 

conversion of the active fraction and 2) using the carbonator model to determine the conversion. The 

two methods showed that total energy efficiency dropped by around 3% compared to the reference 

plant (0.46), without considering CO2 compression. 

In carbonate looping, the CO2 capture capacity of limestone drops with an increasing number of 

looping cycles. So, in order to maintain high CO2 capture capacity of calcined limestone in the 

carbonator, the spent sorbent has to be replaced with fresh limestone. The consequence of this is that 

the energy requirements in the calciner are dependent on the flow rate of the recycle stream and the 

flow rate of fresh limestone. Rodriguez et al.[131] investigated the carbonate looping process with a 

focus on the heat requirements in a calciner. The model was used to minimize the energy requirements 

in the calciner by optimizing the flow rate of fresh limestone and the recirculation for a pre-defined 

CO2 capture efficiency. 

The process model results were used to determine the additional energy penalty and to estimate the cost 

for CO2 capture and electricity production. The definitions for the CO2 capture cost and for electricity 

production in the literature were adapted from IPCC 2005[5]. Table 2-7 summarizes the cost of 
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electricity (COE), the additional cost of capturing CO2 (AC) and the energy efficiency (η) of the 

integrated process.  

Table 2-7: Process simulation models developed for evaluating the carbonate looping process based on COE, AC 
and overall efficiency (η). 
Process Normal  CLP Oxy-fuel Solvent Ref. 
Power plant COE: $39/MWh  

η =0.46 
COE: $49/MWh  
AC: $15.5/t CO2 
η =0.39 

COE: $57/MWh  
AC: $23.8/t CO2 
η =0.34 

 Abanades[66,129] 

Power plant COE:N/A  
η =N/A 

COE: $53/MWh  
AC: $23.7/t CO2 
η =0.41 

 *COE:N/A  
AC:$33-80/t 
CO2 
η =0.28-0.33 

MacKenzie[132]

Power plant COE:N/A  
η =0.46 

COE:N/A  
AC:N/A 
η =0.43 

  Ströhle et al.[23,124] 

Power plant *COE: $41/MWh 
η =0.46 

*COE: $57/MWh  
1AC: $20/t CO2 
η =0.33 

  Romeo et al.[133] 

Power plant *COE: $50/MWh 
η =0.45 

*COE: $63/MWh  
AC: $21/t CO2 
η =0.37 

  Romeo et al.[134] 

Power plant *COE: $46/MWh 
η =0.41 

COE: $72/MWh  
AC: $39/t CO2 
η =0.35 

  Yang et al.[135] 

Cement Plant ECO2 = 0.8 kg/kg 
cement 

AC:$19/t CO2  
ECO2=0.36 kg/kg 
cement 

  Rodriguez et al.[136] 

Cement Plant ECO2 = 0.8 kg/kg 
cement 

AC: $23/t CO2 
ECO2=0.01 kg/kg 
cement 

AC: $16/t CO2 
ECO2=0.11 kg/kg 
cement 

 Rodriguez et al.[59] 

*: converted to $ from ref.; 1: optimum conditions 

Kenzie et al.[132] developed a detailed model from the economic point of view and compared carbonate 

looping with an amine-based system. The results indicated that the carbonate looping process has the 

potential for lower costs than the other option. The estimated cost for capturing 1 ton of CO2 was 

approximately $23.7 compared to $32-80 (2005) for the amine process. Abanades et al.[129] estimated 

the CO2 avoided cost at $15.5/t CO2 for the carbonate looping process compared to 23.8 $/t CO2 for the 

oxy-fuel process. Romeo et al.[134,137] performed a cost and optimization study on integrating the 
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carbonate looping process in to existing power plant and concluded that the cost for capturing 1 ton 

CO2 was €16 and estimated the cost of electricity production increased from €37.9/MWh to 

€48.3/MWh. Yang[135] investigated alternative heat integration options and estimated the cost for CO2 

capture at around €29-36/t CO2, whereas the cost for electricity was €54-60/MWh compared to 

€35/MWh for the reference plant without CO2 capture. Romeo et al.[133] performed and optimization 

study on the makeup flow in the carbonate looping process to minimize the CO2 avoided cost by 

purging spent sorbent either from carbonator or calciner. The results show that the CO2 avoided cost 

was approximately €15/t CO2 for both scenarios under optimized makeup flow rates. The cost of 

electricity production was €43/MWh for the carbonate looping process compared to €31/MWh for the 

reference plant without CO2 capture. 

There have been few studies related to process modeling applicable to the cement industry. Rodriguez 

et al.[57,136] investigated the calcination of limestone using hot CaO as the heat carrier particles instead 

of oxy-fuel combustion; this system was integrated into a cement plant. This method reduced CO2 

emissions by 43% compared to a normal cement plant without the need for an air separation unit; the 

estimated cost per ton of CO2 was $19. A more realistic approach for CO2 capture from a cement plant 

was later proposed by Rodriguez et al.[59]. In this scenario, the options for CO2 capture from a cement 

plant by integrating the carbonate looping process or only an oxy calciner were investigated. The 

estimated avoided CO2 cost for capturing CO2 from the calciner was $16/t CO2, whereas for the 

carbonate looping process, this was $23/t CO2. However, the thermal energy increased from 2.93 GJ/t 

cement for the reference plant to 4.94 and 5.45 GJ/t cement for the oxy-calciner and the carbonate 

looping option, respectively. 
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2.5 Conclusions 

The trends in cement production and CO2 emissions and options for reducing CO2 emissions from 

cement production have been presented. The carbonate looping process has the potential to be the best 

option for the reduction of CO2 emissions. So, a detailed description of the carbonate looping process 

was presented along the status of research into industrial application. Based on the literature review, the 

main focus of developing the carbonate looping process is for fossil fuel-based power plants. The basic 

principle of the carbonate looping process applied to fossil fuel-based power plants or the cement 

industry will be the same. The general conclusions from the literature review on the carbonate looping 

process are: 

 The reaction conditions for the calciner and carbonator are well-established. 

 The CO2 capture capacity decreases with an increasing number of looping cycles. 

 The decay in CO2 capture capacity is influenced by many factors, i.e. the number of looping 

cycles, calcination temperature, type of limestone and sulfation. 

 Different methods are being developed to improve the CO2 capture capacity of limestone. 

A summary of different particle models, reactor models and process models was presented to 

understand the details of the carbonate looping process. However, there are significant differences to be 

considered for applying the carbonate looping process to fossil fuel-based power plants and the cement 

industry, such as: 

 The number of looping cycles a sorbent particle might undergo, 

 Differences in the particle size range, 

 Effect of spent limestone on clinker quality, 

 Integration of the carbonate looping process into a cement pyro-process.  
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3. Raw Meal as Sorbent for CO2 Capture from Cement Production 

3.1 Introduction 

The carbonate looping process (CLP) for CO2 capture from power plants has been studied 

extensively[19,23,35,42,65,66,86,96,105,138,139]. It is shown that the CO2 capture capacity of the sorbent 

decreases with an increase in cycle number[27,34], which means that the spent sorbent material has to be 

replaced with fresh material in order to maintain a high CO2 capture efficiency. This is one of the main 

challenges in the application of the carbonate looping process in power plants. However this may not 

be a serious problem for cement plants, as spent sorbent, i.e. calcined limestone, can be used as feed in 

clinker production. Thus this process is especially suitable for the cement industry, as the key raw 

material could be used as a sorbent and with the possibility of producing electricity for internal use.    

The cement raw meal may be used directly as a sorbent for the carbonate looping process applied to the 

cement production process, since the major component in cement raw meal is limestone, which is 

approximately 70 w/w% together with SiO2 (S), Al2O3 (A) and Fe2O3 (F)[140],[141]. The calcined raw 

meal might serve as both a sorbent for CO2 capture and as a raw material in clinker production. An 

energy and cost analysis for integrating an oxy-fuel calciner in cement production was studied by 

Rodriguez et al.[59], they concluded that high CO2 capture efficiency was feasible at a relatively low 

energy penalty. Results from a simple process simulation model showed that the high CO2 capture 

capacity of calcined limestone in the cement raw meal will reduce the energy demand of the 

calciner[142]. Telschow studied the effect of temperature on clinker phase formation, indicating the 

formation of silicates and aluminates of calcium at 900°C but in minor fractions[140]. It is widely 

accepted that the formation of dicalcium silicate (C2S) might start at temperatures as low as 700°C[141]. 

The temperature in the calciner of the carbonate looping process must be higher than 900°C, due to the 
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high CO2 concentration, therefore it is possible that part of the clinkering reaction may commence in 

the calciner. So under carbonate looping conditions there might be interactions between the lime and 

other components to form calcium silicates or other intermediate clinker phases, however their effect 

on the CO2 capture capacity is not known.  

Dean et al.[143] discussed the possible synergy between the carbonate looping process and clinker 

formation. The synergy effect was observed on the fraction of the tricalcium silicate C3S phase in final 

clinker produced from spent limestone used as the sorbent in the carbonate looping process compared 

with fresh limestone. However, no information on the CO2 capture capacity of the raw meal is reported, 

except for the previous study[144]. The results of this study showed that the CO2 capture capacity was 

influenced by the type of clay and limestone. The CO2 capture capacity of different clay and limestone 

mixtures was lower than limestone when cycle tests were performed under realistic conditions. The 

observed effect on the CO2 capture capacity may be partly due to sintering and partly due to the solid-

solid interactions between limestone and clay. However the complexity of these interactions makes it 

difficult to understand the decay mechanism. So, systematic studies are necessary to understand the 

mechanism of the CO2 capture capacity of limestone in the raw meal. In the present work, cyclic 

experiments were carried out in a thermo-gravimetric analyzer to investigate the influence of the main 

components in the raw meal, i.e. silica, alumina or iron oxide, on the CO2 capture capacity of limestone. 

3.2 Experimental  

3.2.1 Materials 

Faxe Bryozo limestone obtained from Faxe Kalk A/S, with a particle size of 0.09-0.25 mm was used as 

the sorbent material. Silica was obtained from quartz sand, with a particle size similar to that of 
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limestone. Al2O3 (purity 99.9%) and Fe2O3 (purity 99.9%), with particle sizes <0.045 mm, were 

obtained from Sigma-Aldrich and Alfa Aesar, respectively. Cement raw meal supplied by FLSmidth 

A/S, with a particle size 0.045-0.2 mm, was used for comparison. The chemical compositions of 

limestone and raw meal are summarized in Table 3-1.  

Table 3-1: Composition of the limestone and industrial raw used in the cyclic experiments given in w/w%. 
 w/w% CO2 CaO SiO2 Al2O3 Fe2O3 K2O MgO MnO Na2O TiO2 

Faxe Bryozo 43.6 55.1 0.45 0.1 0.08 0.03 0.43 0.02 - 0.01 

Raw meal 35.63 43.06 13.94 3.6 2.49 0.13 0.93 - 0.09 0.22 

 

The limestone was mixed with other components in such a way that the fraction of limestone is kept 

close to 70 w/w % and the rest being single, binary or tertiary mixtures. Since the objective was to 

evaluate the influence of individual and multiple components, silica, aluminium oxide and iron oxide 

were included in equal weight fractions. 

3.2.2 Experimental Setup and Methods 

Cyclic experiments were performed in a thermo-gravimetric analyzer (Netzsch STA 449 F1 Jupiter) 

with rapid heating (500oC/min) and cooling rates (300oC/min). The amount of the sample used in each 

experiment was around 20 mg, and the total gas flow rate was 190 Nml/min. In these cyclic 

experiments, carbonation was carried out at 650oC in 14.7 vol.% of CO2 in N2, whilst the calcination 

conditions were varied. Calcination was performed under mild conditions (850oC in N2), harsh 

conditions (950oC in N2) and realistic conditions (950oC in 84 vol.% CO2) in order to study the 

influence of temperature and CO2 concentration during calcination on the CO2 capture capacity of the 

limestone. The time for calcination was 3 min for the first cycle and 2 min for the rest of the cycles 

under isothermal conditions, which was sufficient for complete calcination. Carbonation was carried 
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out for 3 min for each cycle under isothermal conditions. The cyclic experiments with limestone and 

mixtures were repeated three times to examine repeatability, and thus to estimate the standard deviation 

of the experimental results. Figure 3-1 shows the weight % of the sample from an experiment in 

thermo-gravimetric analyzer. The degree of carbonation was estimated from the mass change due to 

calcination and carbonation, based on the following equations. In these equations the weight gain due 

to CO2 capture is considered relative to the amount of CO2 released from the material. Assuming that 

the total CO2 released is from calcium carbonate. Thus these equations can not only be used for pure 

limestone but also any mixture, for the easy comparison of CO2 capture capacity as a function of cycle 

number. 
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Figure 3-1: Sample weight % of Fake Bryozo limestone from the cyclic experiment in the thermo-gravimetric 

analyzer, Calcination: 84% CO2, 950°C; Re-carbonation: 14.7% CO2 in N2, 650°C. 

In order to understand the mechanism in the CO2 capture capacity of the sorbent, the calcined particles 

were characterized by different methods. Scanning Electron Microscopy (SEM) analysis was used to 

observe changes in the particle morphology after the looping process. The Brunauer-Emmett-Teller 

(BET) measurement was used to estimate the change in surface area of the sorbent, and X-ray 

diffraction (XRD) analysis was applied to examine the phase change of the crystalline phases during 

calcination. Calcination tests were performed in a tubular furnace under a gas flow rate of 1 nL/min 

under various conditions to obtain the samples of 2 g for BET and XRD measurements.  

The surface area of the samples was measured by N2 physisorption using a Quanta Chrome Autosorb 

ASIQM002-1 surface area analyzer. The morphology of the sorbent particles exposed to different 

calcination conditions was examined by SEM (JEOL JSM-5900). The XRD spectrum was obtained 

from a Huber G670 diffractometer by operating in a transmission mode, in which a sample was placed 

on a scotch tape. The diffraction spectrum was obtained from 2o to 100o using the Cu Kα1 radiation 
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focused by a quartz monochromator. All the crystalline phases were identified using the International 

Centre for Diffraction Data (ICDD) files.  

3.3 Results and Discussion 

The cyclic experiments were first performed with a cement raw meal and with limestone as the 

reference, under realistic calcination conditions, i.e. at 950oC in a CO2 rich atmosphere. The number of 

cycles in these experiments was restricted to 12, as this was more than sufficient when applying the 

looping process for the cement industry, because the major fraction of the spent sorbent can be 

continuously fed to clinker production[142]. Figure 3-2 shows the CO2 capture capacities of limestone as 

a function of the cycle number.  

 

Figure 3-2: CO2 capture capacity of limestone, synthetic raw meal (70% limestone and 10% each of SiO2, Al2O3 

and Fe2O3) and cement raw meal as a function of cycle number under realistic calcination conditions; 

Calcination: 84% CO2, 950°C; Re-carbonation: 14.7% CO2 in N2, 650°C. 
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The repeatability of the results was good, with standard deviations of ± 1%, which were estimated from 

three separate experimental results obtained under the same operating conditions. The CO2 capture 

capacity decreases with an increasing number of looping cycles, both for the limestone and for the 

cement raw meal. The trend in the decay of CO2 capture capacity is similar to the results presented in 

the literature, i.e. large decay in the initial cycles compared to later cycles[86]. The trend curve 

representing the experimental data in the figures is derived from the correlation equation presented in 

the last section of the chapter. 

However, by comparing the CO2 capture capacity of pure limestone with the cement raw meal it is 

evident that the capture capacity of limestone in the cement raw meal is approximately 50% lower than 

the pure limestone already in the initial cycles. Experiments were performed with limestone mixed with 

the other main components (silica, aluminum oxide and iron oxide) present in the cement raw meal, 

termed “synthetic raw meal”. The CO2 capture capacity of synthetic raw meal was similar to the 

cement raw meal, as shown in Figure 3-2. 

      

Figure 3-3: SEM images of calcined sorbent material after 12 cycles: a) pure limestone; b) limestone in the 

synthetic raw meal under realistic calcination conditions. 

a b 
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Samples from the cyclic experiments were examined by SEM after the final calcination cycle in order 

to visualize the surface morphology of the pure limestone and the limestone in the synthetic raw meal 

(Figure 3-3). For the limestone, the grain sizes are uniform with clearly visible boundaries, whereas in 

the limestone from the synthetic raw meal the grain size appears to be larger. It appears that the 

presence of other main components in the raw meal influences the grain size, which might be one of 

the reasons for the low CO2 capture capacity of the limestone in the synthetic raw meal compared to 

pure limestone.   

In order to understand the deviation in the CO2 capture capacity of the limestone compared to the 

limestone in the synthetic raw meal, cyclic experiments were performed: 1) under different calcination 

conditions to investigate the influence of temperature and CO2 concentration, and 2) with various 

combinations of the main components of raw meal forming binary and ternary mixtures to evaluate the 

influence of individual or multiple components present in the mixture. 

3.3.1 Influence of Calcination Conditions 

Cyclic experiments were performed at 850°C and 950°C in pure N2, and at 950°C in a CO2 rich 

atmosphere. Figure 3-4 shows the CO2 capture capacity of the limestone and the limestone in the 

synthetic raw meal. Comparing the CO2 capture capacity of the limestone under different calcination 

conditions the capture capacity drops from 62% to 58% when the calcination temperature was 

increased from 850°C to 950°C in a N2 atmosphere. The CO2 capture capacity of the limestone drops 

significantly at 950°C, when the calcination atmosphere was changed from a N2 to a CO2 rich 

atmosphere, which represents conditions closer to a practical system. Thus, the high concentrations of 

CO2 severely enhance the decay in the CO2 capture capacity of limestone. Comparing the CO2 capture 

capacity of the limestone in the synthetic raw meal with pure limestone the following phenomena were 
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observed: 1) the decaying trend in the CO2 capture capacity as a function of cycle number for the 

limestone in the synthetic raw meal was similar to pure limestone under different calcination 

conditions, and 2) the CO2 capture capacity of the synthetic raw meal was similar to pure limestone 

when the calcination was performed at 850°C, whereas at 950°C in a N2 or CO2 rich atmosphere the 

CO2 capture capacity of the limestone in the synthetic raw meal was significantly lower. The lower 

CO2 capture capacity for the limestone under realistic calcination conditions is the cumulative effect of 

high CO2 concentration and calcination temperature.  

 

Figure 3-4: CO2 capture capacity of pure limestone (open) and synthetic raw meal (filled) as a function of cycle 

number; ( ) under mild calcination conditions; Calcination: N2, 850°C; Re-carbonation: 14.7% CO2 in N2; ( ) 

under realistic calcination conditions; Calcination: 84% CO2, 950°C; Re-carbonation: 14.7% CO2 in N2; ( ) 

under harsh calcination conditions: N2, 950°C; Re-carbonation: 14.7% CO2 in N2,  
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In order to study any interaction between the components, XRD analysis was carried out on the 

synthetic raw meal, calcined in the tubular reactor. Figure 3-5 shows XRD spectra of the synthetic raw 

meal calcined at 850°C, 950°C and 1050°C in N2, and at 950°C in a CO2 rich atmosphere.  

 

Figure 3-5: XRD spectra of synthetic raw meal under different calcination conditions for 20 min: a): 1050°C, N2; 

b): 850°C, N2; c): 950°C, N2; d): 950°C, CO2 in N2. 

The XRD spectrum data obtained were compared with the International Centre for Diffraction Data 

(ICDD) database using a search match program to identify the phases. All the main components in the 

calcined original mixture were identified along with new phases. The calcium aluminate peak has 

highest intensity for the sample calcined at 1050°C, whereas at 850°C no peak was observed, and at 

950°C in CO2 and in N2 a small intensity peak was observed. Further, there are many low intensity 

peaks in the 2-theta range from 30–35° which is characteristic for C2S peaks[141]. The low intensity 
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peaks of these new phases might be due to their low fraction in the sample compared to main oxides. 

The C2S phase was observed even at a temperature of 850°C, whereas at higher temperature CS was 

also identified along with C2S. Based on the XRD spectrum and the Crystallographic Search-Match 

(CSM) program, the confidence threshold for the peak search match results is estimated as 90%. Since 

the possibility of forming C2S is large compared to other clinker phases, XRD analysis was carried out 

for the mixture containing limestone and silica. For comparison the XRD spectrum were also obtained 

for single components of limestone and silica, as well as the mixture of limestone and silica with a 

weight fraction of 30% silica calcined under similar conditions. The XRD spectra for these samples are 

presented in Figure 3-6. 

 

Figure 3-6: XRD spectra of calcined limestone (x), silica (o) and a mixture of limestone and silica calcined for 

20 min under realistic calcination conditions: 950°C, 84 vol.% CO2 in N2. 

30 35 40 45 50 55 60

o
o

o

o
o

o

o

x

xx

x

*

 

CaO

CaO_SiO
2

SiO
2

Two theta [°]

In
te

ns
it

y 
[a

.u
]

*

x

o



65 
 

From Figure 3-6, the new peaks were observed for the sample containing the mixture of limestone and 

silica compared to data from the individual components of limestone and silica. The identified new 

phase peaks matched the peaks positions of calcium silicate (CS) and C2S
[141]. Even though a new 

phase like C2S could be identified by the search-match program, it is difficult to quantify the phases 

due to a low intensity of the peaks compared to the other phases. Similar experiments were performed 

by Telschow in a lab scale rotary kiln simulator, which showed the formation of C2S, C4AF and C3A at 

900°C, and their fraction increasing with temperature[140].  

However, the expected amount of the new phase under the present experimental condition is low due to 

bad contact efficiency in the tubular furnace. So the phase formed may not be the only reason for the 

decay in CO2 capture capacity. In order to identify other possible reasons for the drop in the CO2 

capture capacity, the crystallite size of CaO under different calcination conditions for the synthetic raw 

meal was estimated from the diffraction data presented in Figure 3-5. The crystallite size of CaO was 

calculated according to the Debye-Scherrer equation[145], which uses the full width at half maximum 

intensity (FWHM).  

cos

K
D


 


       3-4 

where D = Crystallite size, nm 

 K = Crystallite-shape factor = 0.9 

 λ = X-ray wavelength, 0.15418 nm 

 θ = Observed peak angle, radians 

 β = X-ray diffraction broadening (FWHM), radians  
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Figure 3-7: CaO crystallite size in synthetic raw meal determined from XRD peak broadening analysis with 

respect to temperature under different calcination conditions. 

According to this equation, the crystallite size was estimated and presented in Figure 3-7, for the CaO 

peak corresponding to 2θ = 37.4°, which had the highest intensity. The trend observed, i.e. increase in 

the crystallite size of the CaO in the synthetic raw meal with an increase in calcination temperature, is 

similar to the results for calcined limestone in the literature[146,147]. The influence of a high 

concentration of CO2 on the CaO crystallite size in the synthetic raw meal during calcination was also 

studied. It appears that a higher CO2 concentration increases the size of the crystallite, which is in 

agreement with the results of Chen et al.[67] from their study on the calcination of limestone under oxy-

fuel conditions. In order to observe the change in the particle morphology of the limestone due to 

presence of the other main components in the cement raw meal, SEM analysis was carried out for the 

pure limestone and the synthetic raw meal. The samples were calcined in a tubular furnace under 

different calcination conditions. Figure 3-8 shows the particle surface morphology of the limestone 

0

10

20

30

40

50

60

70

80

90

800 850 900 950 1000 1050 1100

C
aO

 c
ry

st
al

li
te

 s
iz

e 
[n

m
]

Temperature [°C]

Calcination in 84vol.% CO2

Calcination in N2



67 
 

calcined at 850°C (a), 950°C (b) and 1050°C (c) in N2 and at 950°C (d) in a CO2 rich atmospheres. At 

850°C the individual grains are clearly visible, but by increasing the temperature the grains coalesce 

together and grow in size. The effect of CO2 concentration during calcination at 950°C is visible in the 

form of large pores compared to limestone calcined in N2. 

     

     

Figure 3-8: SEM images of pure limestone: a) calcined at 850°C in N2, b) calcined at 950°C in N2, c) calcined at 

1050°C in N2, and d) calcined at 950°C in 84 vol.% CO2 in N2. 

SEM images of the synthetic raw meal calcined under different conditions are shown in Figure 3-9. At 

850°C the grains are clearly visible, similar to limestone, but with an increase in temperature to 950°C 

and 1050°C the grains coalesce together at the contacted surfaces and grow in size. The synthetic raw 

b) 950°C, N2a) 850°C, N2 

d) 950°C, CO2c) 1050°C, N2 
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meal calcined at 950°C in a CO2 rich gas has a surface morphology which appears to be similar to that 

calcined at 950°C in N2, which might be due to the similar interaction between the limestone and other 

components on the surface. However, at the nanometer scale a difference was observed in the CaO 

crystal size estimated from the XRD peak widening technique as shown in Figure 3-7. In general, an 

increase in temperature or CO2 concentration resulted in larger grains in the particles. 

     

     

Figure 3-9: SEM images of limestone in the synthetic raw meal calcined for 20 mins at: a) at 850°C in N2; b) at 

950°C in N2; c) at 1050°C in N2; and d) at 950°C in 84 vol.% CO2 in N2. 

The SEM images presented here indicate the sintering phenomenon of the synthetic raw meal and the 

limestone qualitatively. In order to obtain quantitative information regarding the sintering phenomenon, 

b) 950°C, N2a) 850°C, N2 

c) 1050°C, N2  d) 950°C, CO2
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BET measurements were carried out for the original materials and for the material calcined under 

different calcination conditions in a tubular furnace. First, BET measurements were performed for each 

component at 950°C in a CO2 rich atmosphere. The surface area measurement for each component 

before and after calcination is summarized in Table 3-2. The limestone surface area increased due to 

the release of CO2 under calcination conditions. For the other components: aluminum oxide sintered 

with the surface area decreasing from 10 to 1 m2/g, iron oxide decreased from 6 to 2 m2/g, and for silica 

no change in the surface area was expected due to very low initial surface area. The measured BET 

surface area of the pure components is used for estimating the BET surface area of mixture considering 

no interactions compared to real measurement. 

Table 3-2: BET measurements of main components of cement raw meal under atmospheric conditions and 
calcined at 950°C in a CO2 rich atmosphere. 
Material Original Calcined 

m2/g m2/g 

Faxe Bryozo 1.08 4.04 

Al2O3 10.4 0.94 

Fe2O3 6.08 1.82 

SiO2 0.23 - 

 

If there are no interactions between the components in the synthetic raw meal, the surface area can be 

estimated from the surface area of each component and its respective weight fraction. The surface area 

of the Faxe Bryozo calcined under realistic calcination conditions was measured to be 4.04 m2/(g of 

calcined synthetic raw meal). Since the weight fraction of the limestone was maintained at 70 w/w% in 

the synthetic raw meal, on calcination this reduces to 56 w/w% in the calcined sample. Estimating the 

surface area of the calcined synthetic raw meal based on the assumption that there are no interactions 
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between the components it is expected to be 2.7 m2/(g of calcined synthetic raw meal), but the surface 

area measured is 2 m2/(g of calcined synthetic raw meal). If the surface area is only contributed to by 

the calcined limestone in the synthetic raw meal it should be 2.26 m2/(g of calcined synthetic raw 

meal), e.g. 4.04 m2/g times 0.56 g/(g of calcined synthetic raw meal), which is higher than the 

measured cumulative surface area. This indicates that there may be interactions between the limestone 

and other components, resulting in the reduced surface area of the synthetic raw meal. Comparing the 

CO2 capture capacity of limestone in the synthetic raw meal and the pure limestone the capture 

capacity was lower for the raw meal, which might be because of the interaction between the 

components along with sintering enhanced by calcination conditions. 

 

Figure 3-10: BET surface areas of limestone and synthetic raw meal at 850°C, 950°C and 1050°C in a pure N2 

atmosphere and a high CO2 concentration atmosphere for 20 min. 

To verify the influence of calcination conditions on the surface area of the synthetic raw meal, BET 

measurements of the samples under different calcination conditions were carried out. The results from 
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these measurements are summarized in Figure 3-10.  For comparison, the BET measurements for the 

pure limestone were also carried out under similar calcination conditions.  

The surface area of the synthetic raw meal calcined at 850°C, 950°C and 1050°C under aN2 atmosphere 

was 11, 3.9 and 0.69 m2/(g of calcined synthetic raw meal), respectively. The surface area of the 

calcined limestone was 21, 17 and 10 m2/(g of calcined limestone) under similar calcination conditions, 

respectively. The decreasing trend in the surface area of limestone with an increase in temperature is 

due to sintering[73], which reduces the CO2 capture capacity of the limestone[66]. Comparing the surface 

area of limestone and synthetic raw meal it is obvious that the surface area of the synthetic raw meal is 

lower than the area contributed by the limestone alone in the synthetic raw meal, were there no 

interactions between the components then the measured surface area must be equal to the estimated 

surface area, under respective calcination conditions as presented in Table 3-3. 

Table 3-3: The measured surface area of the calcined limestone, synthetic raw meal (SRM) and estimated 
surface area of SRM assuming no interaction between components.  

Temperature Calcined limestone SRM measured SRM estimated* 

[°C] [m2/g] [m2/g] [m2/g] 

850 21 11 12 

950 17 3.9 10 

1050 10 0.69 6 

*based on the assumption of no interaction between components 

For all calcination temperatures, the measured surface area of the calcined synthetic raw meal is lower 

than that estimated. The difference between the estimated and measured surface areas increases with 

temperature. The surface area results under mild calcination conditions appear to correlate with only a 

small difference in the CO2 capture capacity. At 950°C there is a significant difference in the expected 
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and estimated surface areas, similar to the difference in the CO2 capture capacity results in Figure 3-2. 

This shows that the interaction between limestone and the other main components of the synthetic raw 

meal increases with temperature, which results in the formation of new phases along with a decrease in 

the surface area of the limestone. 

Based on the observation from the crystallite size estimation, SEM images and BET surface area 

measurements, the mechanisms of the sintering phenomena and their effect on the CO2 capture capacity 

of limestone is observed. With increasing temperature, the SEM images show the grains coalescing 

together, the BET surface area decreasing and the crystallite size increasing, which confirms the 

sintering process. It is well known that the main parameter that influences sintering is temperature. An 

increase in temperature results in an increase in the vibrational energy of the atoms which facilitates 

mobilization for a reduction in free surface energy. Sintering advances in different stages, increasing 

with time, by the initiation of neck growth between grains as observed in the SEM images, and the 

elimination of small pores resulting in a lower surface area as observed in the BET measurements. 

Along with temperature and time, atmosphere is another parameter which influences sintering. It was 

claimed[73] that CO2 concentration has a catalytic effect on the sintering of CaO crystallites, but no 

mechanism was explained. The CO2 partial pressure during the calcination of limestone influences the 

calcination temperature due to thermodynamic equilibrium. There might be a dynamic equilibrium, 

which enhances the movements of atoms in the crystal structure form from calcium oxide to calcium 

carbonate resulting in enhanced sintering. Thus under realistic calcination conditions sintering reduces 

the porosity of the calcined limestone, which has an effect on the carbonation due to the increase in the 

molar volume of the carbonate from oxide (36.9 from16.9 cm3/mol). 
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CaO crystallite sizes in pure limestone and in the synthetic raw meal were estimated under realistic 

calcination conditions and were estimated to be 63 nm and 74 nm. This indicates that the crystallite size 

of CaO was not only influenced by temperature, time and atmosphere, but also by the components 

present in the synthetic raw meal, an effect which needs to be further investigated.  

3.3.2 Influence of Components 

A comparison of the surface area and corresponding CO2 capture capacity of the limestone and 

synthetic raw meal under different calcination conditions indicates the complex nature of solid-solid 

particle interaction. 

  

Figure 3-11: Comparison of measured and estimated surface areas of mixtures containing limestone and other 

main components of raw meal calcined under realistic calcination conditions.  

In order to further elucidate the influence of each main component in the cement raw meal, cyclic 

experiments were carried out under realistic calcination conditions. Since the surface area of the 
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material appears to be the controlling parameter in the CO2 capture capacity, BET measurements were 

carried out for the calcined material. The surface areas estimated by BET measurements are presented 

in Figure 3-11 for all the possible combinations of limestone and the other main components of the 

cement raw meal, and compared with the surface area estimated assuming no interaction between 

components. 

According to the results obtained, the surface area of each mixture is different from the expected 

surface area of the mixture without any interactions between the components. The degree of interaction 

at 950°C appears to depend on the components present along with limestone. 

 

Figure 3-12: CO2 capture capacity of binary components as a function of cycle number under realistic 

calcination conditions; Calcination: 84% CO2, 950°C; Re-carbonation: 14.7% CO2 in N2. 

Considering the binary components of the synthetic raw meal, limestone with aluminum oxide has the 

lowest surface area and the combination of limestone with silica has the highest surface area. To verify 

its effect on CO2 capture capacity, cyclic experiments were performed. Figure 3-12 shows the CO2 
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capture capacity of limestone and limestone with the other main component of the raw meal. The 

limestone with aluminum oxide has the lowest CO2 capture capacity, similar to its measured surface 

area. Likewise limestone with silica has the highest CO2 capture capacity among the binary 

combinations, as expected from the surface area measured. 

 

Figure 3-13: CO2 capture capacity of ternary components as a function of cycle number cycle number under 

realistic calcination conditions; Calcination: 84% CO2, 950°C; Re-carbonation: 14.7% CO2 in N2. 

Cyclic experiments were performed with the ternary mixtures to verify any relationship between the 

surface area measured and their respective CO2 capture capacity. The CO2 capture capacity of 

limestone mixed with the other two components are summarized in Figure 3-13. The ternary mixture 

containing limestone, silica and iron oxide has a higher CO2 capture capacity compared to the other 

tertiary mixtures, whereas limestone mixed with aluminum oxide and iron oxide has the lowest CO2 

capture capacity. The observed trend in CO2 capture capacity also matched the measured surface areas 

of the mixtures.  
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From a detail analysis of the experimental results from the cyclic experiments and the BET surface area 

measurements of the mixture, it is possible to correlate the surface area of the mixture with the CO2 

capture capacity of the calcined limestone. Figure 3-14 summarizes the correlation between CO2 

capture capacity and surface area of the mixture calcined at 950oC and in a CO2 rich atmosphere. In the 

cement raw meal the main component after limestone is SiO2, which did not show any negative effect 

on the CO2 capture capacity but the addition of Al2O3 or Fe2O3 or both decreased the CO2 capture 

capacity. 

 

Figure 3-14: CO2 capture capacity after the first cycle in the TGA apparatus as a function of the measured BET 

surface area for the mixtures under realistic calcination conditions; 950°C, 84 vol.% CO2. 

The surface area of the mixture containing limestone and silica was slightly higher than the pure 

limestone, and no decay in the CO2 capacity compared to pure limestone is observed. The surface area 

of the mixture containing aluminum oxide was lowest and also resulted in the lowest capacity, whereas 
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the mixture containing iron oxide was slightly superior. Thus a direct correlation between the CO2 

capture capacity and the measured surface area seems to exist. Similarly in the tertiary mixtures a 

higher capture capacity was obtained for the sample with the highest surface area. The presence of 

Al2O3 in the mixture has a significant effect on the surface area, followed by Fe2O3, whereas SiO2 

showed no effect.  

Different calcination conditions showed a correlation between the CO2 capture capacities, the BET 

surface measured and the estimated crystallite size of the CaO in the synthetic raw meal. To verify the 

mechanism for decay in CO2 capture capacity influenced by the components, the CaO crystallite size 

was also estimated by the XRD technique and the results are summarized in Table 3-4. 

Table 3-4: CaO crystallite size estimated by the XRD technique under realistic calcination conditions. 
CaO Crystallite CaO CaO+SiO2 CaO+Fe2O3+SiO2 CaO+Al2O3+SiO2 CaO+Al2O3+Fe2O3+SiO2 

Size [nm] 63 53 51 68 74 

 

The results also indicate that the size of the CaO crystallite was influenced by the components present. 

The probable explanation for this can be drawn from the sintering of the pure components. The 

components which sintered most may have induced additional movement in the adjacent atoms, along 

with its natural tendency to move depending on the sintering temperature and atmosphere. This might 

have resulted in a high degree of sintering of CaO in the presence of Al2O3 and Fe2O3, contrary to the 

presence of SiO2. However there is an exception for the case with the mixture containing CaO, SiO2 

and Fe2O3, which was expected to have a crystal size larger than CaO and SiO2. This indicates the 

complex nature of the components, which need to be further investigated. 
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3.4 Decay in CO2 Capture Capacity 

The CO2 capture capacity of limestone decreases with an increase in the number of cycles. The detailed 

analysis by SEM and BET measurements show the textural changes in the particles. It can be 

concluded that the main mechanism in limestone capacity decay is sintering, and a correlation can be 

observed from Figure 3-14 between the surface area and CO2 capture capacity. Similar decay 

mechanisms were observed by Abanades[27], and Wang and Anthony[29]. They formulated simple 

correlations to describe the decay in CO2 capture capacity. However these correlations were developed 

for natural limestone (>95w/w% is CaCO3) unlike the complex material (raw meal) considered in this 

study. The main observation from the CO2 capture capacities as a function of cycle numbers was a fast 

decay in the initial cycles followed by slow decay, reaching an asymptotic value which is independent 

of the cycle number. 

 

Figure 3-15: CO2 capture capacity of limestone from the cyclic experiments in TGA apparatus compared with 

CO2 capture capacity estimated using the equation 3-5.  
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In order to formulate this trend of decay in the CO2 capture for application in the process simulation 

studies it is important to consider two parameters: 1) the degree of decay, and 2) the final CO2 capture 

capacity. The correlation proposed by Grasa and Abanades[148] is used to quantify the degree of decay 

and residual CO2 capture capacity shown by the following equation: 

1
1

1

N r

r

X X
kN

X

 


       3-5 

The decay constant (k) and residual capture capacity (Xr) were determined from curve fitting. The 

results of this fitting exercise are compiled in Table 3-5. The correlation between the experimental and 

predicted CO2 capture capacities is good as presented in Figure 3-15. 

Table 3-5: CO2 capture decay constant (k) and residual CO2 capture capacity (Xr) of limestone mixed with the 
main components of the raw meal. 
Solids T (calcination) CO2 conc. k Xr 
  [°C] [vol.%] 
Faxe Bryozo 850 0 0.79 0.08 

Faxe Bryozo 950 0 0.97 0.075 

Faxe Bryozo 950 84 2.8 0.075 

Synthetic raw meal 850 0 0.91 0.075 

Synthetic raw meal 950 0 1.5 0.05 

Synthetic raw meal 950 84 6.2 0.05 

Cement raw meal 950 84 8.7 0.05 

Faxe Bryozo, Al2O3 950 84 8.5 0.04 

Faxe Bryozo, Fe2O3 950 84 4.17 0.05 

Faxe Bryozo, SiO2 950 84 2.05 0.065 

Faxe Bryozo, Al2O3, Fe2O3 950 84 9.05 0.03 

Faxe Bryozo, Fe2O3, SiO2 950 84 3.3 0.06 

Faxe Bryozo, Al2O3, SiO2 950 84 7.45 0.055 
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The results show that for pure limestone and for the limestone in the raw meal under the tested 

conditions, the calcination temperature influences the residual CO2 capacity of the limestone, whereas 

the CO2 concentration has a profound effect on the decay constant with no influence on the residual 

CO2 capture capacity. These observations were similar to the results obtained by Garsa[31], but the 

effect of the main components of the raw meal was complex, and both the residual CO2 capture 

capacity and decay constant were affected. 

3.5 Conclusions 

Based on the experimental work the main conclusions are summarized as follows: 

1. Raw meal could be used as the sorbent even though there are interactions between the lime 

and other components, especially under realistic calcination conditions. 

2. SEM, XRD and BET analyses indicated that sintering is the main reason for the observed 

decrease in CO2 capture capacity. A correlation was established between the surface area of 

the mixtures and the CO2 capture capacity of the limestone in the mixture under realistic 

conditions.  

3. XRD results show that the CaO crystallite size was not only influenced by the calcination 

conditions but also by the components of the cement raw meal. 

4. The decay in CO2 capture capacity of the limestone in the raw meal is due to sintering, 

resulting in a change in particle morphology and a larger CaO crystal size  

5. The CO2 capture capacity as a function of cycle number can be described by a two parameter 

correlation, which can used for process simulation studies using raw meal sorbent.  
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4. Cyclic Experiments in a Fluidized Bed Reactor 

In the previous chapter, detailed investigations into the application of raw meal for CO2 capture were 

presented, where experiments were carried out in a TGA apparatus. However, a fluidized bed reactor is 

suitable for gas-solid particle reactions at industrial scale. So, in this chapter, the cyclic experiments 

performed in a fluidized bed reactor are presented. The objective was to simulate the looping process to 

investigate parameters in a fluidized bed reactor. The different parameters investigated were: the bed 

composition (only limestone, limestone with sand and raw meal as the sorbent (30% clay in limestone)), 

attrition, carbonation temperature and simultaneous SO2 and CO2 capture. Along with these parameters, 

the conversion of calcined limestone in the fluidized bed reactor was compared with the conversion of 

particles in a TGA apparatus and the rate constant was determined. 

A reactor model was developed based on the principles of the Kunii-Levenspiel fluidized bed reactor 

model. The model predicted results were compared with the experimental results. The validated model 

was used for a sensitivity analysis of the model parameters of the fluidized bed reactor.  

4.1 Experimental 

4.1.1 Setup 

To study the carbonate looping process, cycle experiments were carried out in a laboratory scale 

fluidized bed reactor. A schematic drawing of the setup is shown in Figure 4-1. The setup included a 

gas mixing system, four mass flow controllers, an electric gas pre-heater, a reactor, a cyclone, a 

container, a heat exchanger, a gas conditioning system, gas analyzers, thermocouples, pressure 

transducers and a data acquisition system. 
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The reactor was made from a steel tube with an inner diameter of 60 mm; the total height of the reactor 

was 2.5 m. A perforated steel plate used as a gas distributor with 1 mm holes was located at the bottom 

of the reactor. The reactor was electrically heated by five independently controlled heating elements. 

The temperature and pressure in the reactor were measured at three locations: 1) just above the 

distributor plate (T1, P1), 2) 0.8 m above the distributor plate (T2, P2) and 3) at the top of the reactor 

close to the exit (T3, P3). 
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Figure 4-1: Schematic of the experimental setup used for cyclic experiments. 
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Solid particles are fed from the top of the reactor by opening a window flange. Compressed fluidizing 

gases, controlled by precision mass flow controllers, were fed at the bottom of the reactor through the 

gas pre-heater. Propane gas was injected directly in to the hot bed, at the bottom of the reactor above 

the distributor plate, to supply additional energy for the endothermic reaction. The elutriated fine 

particles in the exit gas were separated from the gas by a cyclone and collected in a container. A small 

fraction of the exit gas was induced by a pump to the centralized gas analyzer section to monitor the 

concentrations of gases like CO2, O2 and SO2. Temperature, pressure, inlet gas flow rate and exit gas 

concentrations were continuously logged to the system with a time step of 1s. 

4.1.2 Materials 

Faxe Bryozo limestone (0.71-1.0 mm) from Faxe Kalk A/S was used as the sorbent material. Quartz 

sand was used as bed a material with a particle size range of 0.4-0.8 mm. Sandy clay (0.71-1.0 mm) 

was supplied by FLSmidth A/S; its composition is presented in Table 4-1. To simulate raw meal as the 

sorbent, the clay was mixed with limestone for the cycle experiments. The composition of Faxe Bryozo 

is same as that presented in Chapter 3. 

Table 4-1: Composition of Faxe Bryozo and sandy clay in wt%. 
wt.% CO2 CaO SiO2 Al2O3 Fe2O3 K2O MgO MnO P2O5 TiO2 

Faxe Bryozo 43.6 55.1 0.45 0.1 0.08 0.03 0.43 0.02 - 0.01 

Sandy clay - 3.53 52.39 15.53 10.17 - 2.13 0.16 0.22 1.87 

4.1.3 Pre-experimental Considerations 

In order to perform experiments under controlled conditions, it is important to determine the 

experimental operating conditions and procedures suitable to achieve the objective when a new 

experimental setup is established. The most important parameters to consider are the particle size, the 

gas velocity and the bed inventory. The velocity of the gas is a function of flow rate and temperature. 
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Since the maximum temperature in the reactor is 850°C, the only other parameter that can be controlled 

is the gas flow rate. A gas flow rate 60 NL/min was selected for the experiment, which resulted in a 

maximum gas velocity equal to 1.3 m/s at 850°C in the reactor. The minimum size of particles in the 

bed should have terminal velocity higher than 1.3 m/s, so that the bed particles are not elutriated from 

the reactor during the experiment. The particle size range of 0.71-1.0 mm was selected such that the 

bed was fluidized without being entrained with gas flow. The next parameter that is important for 

stable operating conditions during the experiments is the bed inventory. The optimum bed inventory 

was estimated by experiments, and a bed inventory of 1 kg was selected for these experiments.  

Before each experiment, the gas analyzer were calibrated with zero gas (N2) and calibration gas to 

make sure that the concentrations of the gas analyzed during the experiments is accurate. The 

verification of inlet gas composition is presented in Figure 4-3. 

For the calcination reaction, energy has to be supplied to maintain favorable thermodynamic conditions. 

So, during the calcination process, propane was injected into the bed to supply additional energy for 

fast calcination. During carbonation, the energy released due to the reaction has to be dissipated, so 

quartz sand was mixed with limestone such that the energy released was distributed throughout the 

whole bed, thereby controlling the rise in bed temperature. 

4.1.4 Experimental Procedure 

The general procedure for the cyclic experiments is presented here for the reference experiment 

conditions (Looping 1 see: Table 4-3). The reactor was heated by setting the temperature of heating 

elements to 800°C with air flowing at a rate of 60 NL/min. 750 g of quartz sand was fed into the 

reactor from the top window of the reactor, when temperature T2 (Figure 4-1) was above 400°C. A 

temperature above 400°C was selected to increase the bed temperature quickly and the gas velocity was 
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high enough for proper fluidization of the bed and to avoid bleeding of bed material through the gas 

distributor plate. The gas pre-heater was set to 400°C to heat the fluidizing gas and reduce the 

temperature difference of the fluidizing gas above and below the distributor plate.  

 

Figure 4-2: Calcination of limestone under propane combustion for the first cycle in the fluidized bed reactor. 

In this experiment, 250 g of limestone were added to the bed when the temperature of the bed at T1 

(Figure 4-1) was above 700°C. The temperature of the bed dropped due to the addition of cold 

limestone and the calcination reaction of bed took place at a very low rate. So, a propane flow of 2 

NL/min was injected directly into the hot bed to supply additional energy for fast calcination. The 

temperature of the bed increased slowly until the complete calcination of limestone, after which the 

temperature rose rapidly. A small portion of the exit gas from the reactor was sampled and pumped to 

the centralized gas analyzer to measure the CO2 gas concentration. Thus, the calcination reaction could 
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be monitored by the bed temperature along with online gas concentration measurements. When the 

calcination of the bed was complete, the concentration of CO2 was constant and equivalent to the 

amount released by propane combustion. Calcination of limestone in the fluidized bed reactor under 

propane combustion is summarized in Figure 4-2. The degree of calcination was based on the CO2 

balance according to equation 4-9. After calcination, the propane flow was stopped and the temperature 

of the heating elements was lowered such that the bed temperature (T1) dropped to 600°C. During the 

carbonation step, the fluidizing gas was changed to 15 vol.% CO2 in air, keeping the total gas flow rate 

constant. The concentration of CO2 gas in the exit gas was monitored. Carbonation was carried out for 

10 min, and the fluidizing gas was later changed to air. The temperature of the bed was increased again 

by increasing the set point temperature of the heating elements for the next calcination cycle along with 

the injection of propane gas. 

Figure 4-3 summarizes the cyclic experiment process in four steps: 1) inlet CO2 concentration 

measurement, 2) calcination (first cycle) 3) carbonation (first cycle) and 4) calcination (second cycle), 

by measuring the CO2 concentration in the exit gas, the inlet CO2 flow rate and the propane flow rate. 

The first plateau curve (1, Figure 4-3) indicates the CO2 concentration in the inlet gas during the 

carbonation step measured before the beginning of the cyclic experiment. The second curve (2, Figure 

4-3) indicates the first calcination cycle where the CO2 concentration increased to maximum and 

dropped to a stable value corresponding to the CO2 concentration released from propane combustion, 

excluding the water content in the exit gas. The third curve (3, Figure 4-3) represents the carbonation 

step where the CO2 concentration increased with time for a constant inlet CO2 flow rate. The fourth 

curve (4, Figure 4-3) shows the second calcination cycle, which has a smaller area compared to the first 

cycle due to the lower amount of CO2 released, equivalent to the CO2 captured in the first cycle. 
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Figure 4-3: Cycle experiment: (1) inlet CO2 flow rate and CO2 concentration, measurement through the sand bed, 

(2) CO2 concentration in the exit gas due to calcination and propane combustion along with the propane flow 

rate during the first calcinations step, (3) CO2 concentration and inlet CO2 flow rate during the first carbonation 

step and (4) CO2 concentration and propane flow rate during the second calcination step.  

Thus, by alternating the calcination and the carbonation conditions, cyclic experiments were performed. 

The operating conditions for the reference case are summarized in Table 4-2. 

Table 4-2: Operating conditions in the fluidized bed reactor. 
 Parameter Calcination Carbonation 

Temperature [oC] 650 to 800 600 to 650 

Time [min] 30 10 

Atmosphere 10% CO2 in air (propane combustion) 15% CO2 in air 

Gas flow rate [NL/min(m/s)] 60 (1.1-1.3) 60 (1-1.1) 

Table 4-3 summarizes the list of main cyclic experiments performed in the fluidized bed reactor. Based 

on the parameters investigated in the cyclic experiments, a few modifications were made in the 
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experimental procedure described for the experiment (Looping 1). During these experiments, one 

parameter was changed and compared to Looping 1. 

The objective of the experiment (Looping 0) was performed to estimate the loss of bed material as fines. 

In this experiment, 1 kg of limestone was added to bed instead of quartz sand, as mentioned in the 

procedure above. In this experiment, samples were taken from the bed through the top window after 

each carbonation cycle to evaluate the degree of carbonation of calcined limestone. Further fines 

entrained with the gas were collected below the cyclone after each calcination cycle. 

The objective of the experiment Looping 2 was to evaluate the influence of high temperature during 

carbonation. In the experiment Looping 1, the carbonation temperature measured by (T1) was in the 

range of 600 to 650°C, whereas in this experiment T1 was above 700-730°C. 

The objective of the experiment Looping 4 was to simulate raw meal as a sorbent in the cyclic 

experiment. Thus, 30 wt.% of sandy clay mixed with limestone was added to the reactor instead of 250 

g of limestone alone as used the experiment Looping 1. 

The objective of experiment Looping 5 was to investigate the influence of SO2 during the carbonation 

of limestone. Thus, SO2 was injected into the bed at a flow rate of 30 mL/min only during the 

carbonation stage, which corresponds to 500 ppmv in the inlet gas. 

Table 4-3: List of looping experiments. 
Experiment no. Cycles Parameter changed wrt. Looping 1 

1. Looping 0 9 Inventory 1 kg limestone and no sand 

2. Looping 1 10 Reference 

3. Looping 2 8 Carbonation temperature 700oC 

4. Looping 4 5 30% clay in limestone 

5. Looping 5 5 Simultaneous SO2 and CO2 capture 
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4.2 Data Analysis 

Except for the experiment Looping 0, the other experiments were analyzed by exit gas analysis to 

estimate the degree of conversion of the bed due to carbonation or conversion of SO2. In the 

experiment Looping 0, samples were taken after each carbonation cycle and samples were analyzed in 

a TGA apparatus to estimate the weight loss due to CO2 release and evaluate the degree of carbonation. 

4.2.1 Solid Particle Analysis: 

The sampled limestone particles from the bed after the carbonation step were placed in a desiccator to 

cool down before being stored in an airtight 50 mL glass bottle. The cooled samples were analyzed by 

measuring the weight loss of the sample by heating the particles up to 900°C in a TGA apparatus in an 

N2 atmosphere.  

The degree of carbonation ( carbX ) of limestone particles was determined by the weight loss of the 

sample: 

  
 

, ,

,

,

/ 44

/ 56

in N f N

carb N

CaO f N
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x w
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4-1      
 

Here, ,in Nw is the weight of the sample before analysis and ,f Nw is the final weight of the sample; the 

weight fraction of CaO in the calcined sample was 0.98Caox  , estimated from Table 4-1. N  is the 

cycle number.
                                                                                                                                      

 

4.2.2 Gas Analysis 

The degree of calcination and carbonation was determined by the CO2 mass balance, which was 

determined from the exit gas concentrations and inlet gas flow rates. The volume of CO2 released 
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during the calcination of fresh limestone was taken as the basis for the total CO2 capture capacity of fed 

limestone.  
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During the calcination reaction, CO2 gas is released from the combustion of propane and the 

calcination of limestone. So, to estimate the degree of calcination, it is important to determine the CO2 

gas flow in the exit gas from propane combustion. The gas balance for propane combustion and 

simultaneous calcination is as follows: 

Total flow rate of inlet gas into the reactor: 

3 8, , ,t in air in C H in   
                           

4-3
 

Total flow rate of gas out of the reactor, excluding H2O as the sample is dried before analyzing the gas 

concentration: 

2, , ,t out air out CO out   
                          

4-4
 

Flow rate of air out of the reactor after complete propane combustion:  

3 8, , ,4.9air out air in C H in    
                                                                                                               

4-5
 

Flow rate of CO2 in the exit gas which includes both combustion and calcination processes: 

2 3 8 2, , ,3CO out C H in CO cal    
                           

4-6
 

Volume fraction of CO2 gas in the exit gas: 

2

2

2

,
,

, ,

100 CO out
CO out

CO out air out

x


 



                          

4-7

 
Release rate of CO2 gas from the calcination of limestone: 

2 2 3 8, , ,3CO cal CO out C H in    
                                                                                                              

4-8 

The degree of calcination can be estimated by the equation: 
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Similarly, the CO2 balance is used for estimating the degree of carbonation based on the inlet and outlet 

flow rate of CO2 gas. The inlet concentration is controlled using mass flow controllers and verified by 

gas analyzers. The degree of carbonation can be estimated by the equation: 
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Conversion of SO2 gas is estimated based on the SO2 concentration (measured in ppmv) in the exit gas 

according to the equation: 
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here,
2 ,totalCOV , the volume of CO2 in the fed fresh limestone [NL] 

3CaCOw , the weight of limestone fed in to the reactor [g] 

2CO , the density of CO2 gas [1.97 g/NL] 

3CaCOM , Molecular weight of CaCO3 [g-mol] 

in , the volumetric flow rate of the fluidizing gas [NL/min] 

2,inletCOx , the inlet volume fraction of CO2 in the fluidizing gas [vol.%] 

2,outletCOx , the outlet volume fraction of CO2 in the exit gas [vol.%] 

carbX , the conversion of CaO to CaCO3 by carbonation [-] 

2
,SOx  the concentration of SO2 in the exit gas in [ppmv] 
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2SOX , the conversion of SO2 gas 

2 ,SO in , the inlet flow rate of SO2 gas [NL/min] 

4.3 Repeatability Test 

In order to verify the repeatability of the results in the present experimental setup, two experiments 

were performed. The experimental conditions were similar to the Looping 1 experiment operating 

conditions mentioned in Table 4-2. In these experiments, two looping cycles were performed to check 

the conversion of CaO in the bed. Figure 4-4 shows the conversion of calcined limestone in the bed 

with respect to time for two experiments in the first two carbonation cycles. The conversion profiles 

obtained for the two cycles in two separate experiments overlapped closely, meaning that the 

repeatability of the results was quite good. Thus, the experimental procedure applied for performing the 

experiments is reliable in the present experimental setup. 

 

Figure 4-4: Degree of conversion of limestone obtained for first two looping cycles from two different 

experiments under similar operating conditions. 
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4.4 Results and Discussion 

4.4.1 Cycle Experiments 

The degree of conversion of calcined limestone to calcium carbonate with respect to cycle number is 

summarized in Figure 4-5 from the cyclic experiments. The general trend in the average conversion of 

the bed is similar for the all experiments. Comparing the experiment Looping 4 (30% clay in 

limestone) with the Looping 1 experiment, the presence of clay had no significant influence on the bed 

conversion in the fluidized bed reactor under the present operating conditions. Similar results were also 

obtain from the TGA apparatus, where under mild calcination conditions, there was no significant 

different in the conversion of Cao to CaCO3.   

 

Figure 4-5: Final conversion of calcined limestone with respect to cycle number for different looping 

experiments in the fluidized bed reactor. 
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Figure 4-5 shows the degree of conversion of CaO to CaCO3 for the Looping 1 and Looping 5 

(simultaneous SO2 and CO2 capture) experiments. In the first carbonation cycle, the difference in the 

conversion of CaO to CaCO3 was very low. However, the conversion of CaO to CaCO3 decreased 

significantly with increasing cycle number. The significant drop in the CO2 capture capacity was due to 

the permanent retention of SO2 by limestone, which accumulates with increasing cycle number and 

reduces the limestone available for CO2 capture. 

Comparing the conversion of CaO in the experiment Looping 1 with the experiment Looping 0 (only 

limestone), in the first cycle, there was a large difference in the final conversion, but the difference was 

reduced with increasing cycle number. In these two experiments, the main difference, apart from the 

bed composition, was the initial loading of limestone. So, in the experiment Looping 1, the conversion 

of calcined limestone reached its maximum capacity in 10 min, whereas in Looping 0, the conversion 

of the bed did not reach its maximum capacity in the first cycle due to the high initial loading. However, 

with increasing cycle number, the maximum conversion capacity decreased so the limestone could 

reach its maximum capacity, similar to the Looping 1 experiment. 

The detailed investigation of each experiment is discussed in the following sections. 

4.4.2 Conversion of Calcined Limestone in a Fluidized Bed Reactor 

In Figure 4-6, the degree of conversion of CaO with respect to time is presented from the first cycle to 

the tenth cycle. The main features that can be observed from the experiment are:1) the deviation in the 

rate of the reaction during the first 1 min was not significant for cycles 1-10; 2) the time to shift the 

reaction rate from fast to slow decreased from one cycle to the next cycle; 3) the final degree of re-

carbonation decreased from 60% to 20% from the first cycle to the tenth cycle; 4) the decrease in the 
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final degree of conversion of calcined limestone during carbonation was large in the first three cycles 

compared to the later cycles.  

 

Figure 4-6: Degree of carbonation with respect to time for cycles 1-10. Calcination (mild conditions): 

temperature 650-800°C, under propane combustion (2 NL/min) in air, gas flow rate of 60 NL/min; Carbonation: 

15 vol.% CO2 in air, temperature 600- 650°C. 

The observed features from the looping process by alternating the looping conditions were similar to 

the trend observed in the TGA apparatus. However, there was a difference in the observed rate of 

conversion, which can be observed by comparing the conversion profile in the fluidized reactor and the 

TGA apparatus, as shown in Figure 4-7. Figure 4-7 shows the degree of conversion of calcined 

limestone to calcium carbonate in the first carbonation cycle. In the TGA apparatus, the apparent rate 

of conversion was estimated as 0.0053 [1/s] whereas for in the fluid bed reactor, it is 0.0017 [1/s] 

before the shift in the reaction regime, indicated by slope measurements in Figure 4-7 . 
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Figure 4-7: Comparing the conversion of calcined limestone in the TGA apparatus and fluid bed for the first 

cycle under mild calcination conditions (< 850°C). 

The difference in the rate of conversion was due the concentration of CO2 in the reaction zone. In the 

TGA apparatus, the change in the CO2 concentration due to CO2 sorption by calcined limestone was 

less than 0.1%, estimated from the gas flow rate and rate of degree of particle conversion, whereas in 

the fluidized bed, the CO2 concentration changed continuously with time, as shown in Figure 4-8. 

 

Figure 4-8: The concentration profile of CO2 gas in the exit gas stream with respect to time for 1-10 carbonation 

cycles along with the inlet CO2 concentration. 
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Using the spherical grain model expression, the rate of constant for the carbonation reaction was 

estimated according to equation 4-17. In this equation, the concentration of CO2 in the TGA apparatus 

was assumed to be constant as the difference in the inlet and the out CO2 concentration was very small, 

whereas for the fluidized bed reactor, the average of inlet and outlet CO2 concentrations were selected. 

The experimental results show a kinetically controlled reaction regime where the slope of the estimated 

rate constant is zero, followed by a transition regime where the reaction shifts from kinetically 

controlled to diffusion controlled and a third diffusion controlled regime where the reaction rate drops 

rapidly. The estimated rate constant in the kinetically controlled reaction regime is 3 [m3/kmol.s]. 

 

Figure 4-9: Rate constant estimated for the carbonation of limestone in the TGA apparatus and in the fluidized 

bed reactor. 
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carried out to estimate the loss of bed material due to attrition. Figure 4-10 below indicates the weight 

fraction of the sample collected below the cyclone after each calcination cycle. It is clearly shown that 

most of the elutriation took place in the initial cycles, which might be due to breakage of sharp edges 

on the surface of the particles due to inter-particle collision or collision with the reactor wall. Once the 

particles attain a smooth surface, then the loss of bed material decreases. The fines collected below the 

cyclone decreased from 2 wt.% in the first calcination cycle to nearly 0 wt.% in the ninth cycle based 

on the initial weight of the bed. 

 

Figure 4-10: Weight fraction [%] of limestone fines collected below the cyclone after respective calcination 

cycle. The gas velocity was 1.45 m/s and the initial weight of the limestone (particle size range of 0.71-1 mm) 

was 1 kg.  

The initial bed weight was 1 kg, which upon calcination will theoretically reduce to around 560 g. This 

weight was estimated roughly from the bed average pressure monitored after the first calcination cycle 

(19 mbar ±2 as 1 mbar = 28.8 g in this reactor). The amount of material collected after the experiment 

was 388 g. The total fines collected below the cyclone sum up to 45 g. Along with the fines collected 
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below the cyclone, samples were also taken from the bed for particle analysis to estimate the degree of 

carbonation. The total amount of sample collected from the bed was 51 g after the calcination cycles 

and 67 g after the carbonation cycles. The total material balance is summarized in Table 4-4. 

Table 4-4: Summary of limestone particle material mass balance in g. 
Fresh 

limestone [g] 

Calcined 

limestone [g] Fines [g]

*Carbonated 

samples [g] 

Calcined 

samples [g] 

*Final 

bed material (CO2) [g]

1008 564 45 67 52 388 (41) 

 *includes calcium carbonate and calcium oxide 

The final bed material retrieved is after the ninth carbonation cycle, and contains both calcium oxide 

and calcium carbonate. The degree of carbonation was estimated from samples collected after the 

carbonation cycle. Figure 4-11 shows the degree of conversion of limestone with respect to cycle 

number. The thermal analysis showed that conversion of the bed decreased from 50% in the first cycle 

to 23% in the ninth cycle.  

 

Figure 4-11: Degree of carbonation with respect to cycle number. The flow of gas was 1.3 m/s, the temperature 

in the bed was 600-640°C and the CO2 concentration in the inlet was 15 vol.%. 
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The amount of calcium carbonate in the bed material was 23%, which means that 92 g of the bed 

material was calcium carbonate. So, the weight of CO2 capture by the bed was approximately 41 g. 

According to the material mass balance, the amount of fines elutriated from the system with the exit 

gas was around 3.6 wt.% based on the initial loading after nine cycles and 6 h of operation. 

The weight of the bed after the first and the last calcination was used to estimate the attrition rate 

constant for the limestone. The final bed weight (341 g) after the ninth calcination cycle was estimated 

from the average bed pressure (12 mbar±1.5). Since the weight fraction of the fines generated after the 

ninth calcination cycle was 0, it was assumed that the bed weight would not decrease further due to 

attrition. Based on this assumption, the attrition rate constant of the limestone was estimated based on 

the equation (4-12) by Lee et al[149]: 

min( )a

dW
k W W

dt
  

       

4-12 

where 560w g  for the weight of limestone after the first calcination and min 341w g after the ninth 

calcination cycle. So, the attrition rate constant was estimated to be 2.3e-5 [1/s], which is comparable 

with the attrition rate constant estimated by Gonzalez et al.[50], which was 1.8e-5 [1/s] and 5.09e-5 [1/s] 

for two different types of limestone used in those experiments. 

4.4.4 Influence of Sorbent Inventory 

Figure 4-12 shows the influence of the sorbent inventory on the conversion of calcined limestone. The 

conversion of limestone in the experiment Looping 1 (cycle 1) clearly showed a gradual shift in the 

conversion rate from the fast to the slow reaction regime, whereas for the sorbent in the experiment 

Looping 0, where the sorbent inventory was 1 kg, the observed conversion rate was linear. This can be 

attributed to the sorbent particles that had not reached the maximum conversion limit under the present 
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carbonation time limit of 10 min. The difference in the exit CO2 concentration for the two experiments 

clearly indicates the influence of space time (
2,0Ca COn n ), as the inlet CO2 concentration in the 

fluidizing gas was the same for both experiments (15 vol.%). The differences between the two 

experiments are summarized in Table 4-5. 

Table 4-5: Summary of differences in the two looping experiments. 
Parameter Looping 0 Looping 1 

Sorbent inventory [g-mol] 10 2.5 

CO2 flow rate [g-mol/min] 0.45 0.39 

Space time [min] 22.06 6.43 

 

 

Figure 4-12: Conversion of calcined limestone and concentration of CO2 in the exit gas for the first cycle and for 

different sorbent inventories of 1 kg (Looping 0) and 250 g (Looping 1). 
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The CO2 concentration in the exit gas with respect to time depends on the sorbent inventory. This 

difference can be observed in Figure 4-12. Thus, increasing the space time from 6 min to 22 min 

resulted in higher CO2 capture efficiency ( Ecarb ) for a longer period (see Figure 4-13) under the 

present operating conditions. 

 
2 2 2, , ,CO in CO out CO inEcarb    

 
    4-13 

The optimum sorbent inventory in the carbonator is essential both for high CO2 capture efficiency, but 

in continuous operation there is another parameter that influences the CO2 capture efficiency, i.e. the 

circulation rate of calcined limestone. However, a minimum sorbent inventory is essential for good gas-

solid contact in the fluidized bed reactor. So, there has to be a balance between sorbent inventory, CO2 

capture efficiency and residence time of the sorbent in the reactor. 

 

Figure 4-13: CO2 capture efficiency with respect to time in the first re-carbonation cycle with a sorbent 

inventory of 1 kg (Looping 0), temperature of 600-650°C and fluidizing gas flow rate of 70 NL/min containing 

15.5 vol.% CO2. 
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4.4.5 Influence of Carbonation Temperature 

The influence of a carbonation temperature above 700°C was investigated in the fluidized bed reactor. 

The objective of this experiment was to investigate the carbonation behavior at a higher bed 

temperature compared to the Looping 1 experiment. Figure 4-14 shows the degree of conversion of the 

limestone bed with respect to time for cycles 1-8. At a higher temperature, the drop in the final degree 

of conversion was not significant, even for the eighth cycle compared to the first cycle, which was only 

10%. Furthermore, the rate of conversion was similar for all cycles. 

 

Figure 4-14: Degree of re-carbonation with respect to time for cycles 1-8. Calcination (mild conditions): 

temperature 650-800°C, under propane combustion (2 NL/min) in air, gas flow rate of 60 NL/min. Carbonation: 

15 vol.% CO2 in air, temperature 700-730°C. 

Comparing the degree of carbonation with respect to time for carbonation at these two temperatures, 

the difference in the rate of conversion can be seen from Figure 4-15. Carbonation at the lower 

temperature had a faster rate in the beginning and shifted to a slower rate, but with carbonation at the 

higher temperature, there was no significant change in the rate of conversion. The lower rate of 

0.0

0.1

0.2

0.3

0.4

0.5

0 100 200 300 400 500 600

C
on

ve
rs

io
n

 C
aO

 t
o 

C
aC

O
3

Time [s]

Cycle 1 Cycle 2

Cycle 3 Cycle 4

Cycle 5 Cycle 6

Cycle 7 Cycle 8



104 
 

conversion at the higher carbonation temperature was due to a rise in the equilibrium partial pressure of 

CO2, which reduced the rate of the reaction.  

 

Figure 4-15: Degree of carbonation with respect to time for cycles 1 and 8; for reference see case (looping 1) and 

for the experiment where carbonation was performed at 700°C (looping 2). Calcination (mild conditions): 

temperature 650-800°C, under propane combustion (2 NL/min) in air, gas flow rate of 60 NL/min.  

The linear rate of conversion at the higher temperature was due to the fraction of active calcined 

limestone compared to the reference experiment. The shift in the reaction rate might become significant 

when the conversion of sorbent particles approaches the ultimate conversion limit. So, if the reaction 

had continued for a longer period of time, then it might be possible to see the shift in the reaction rate. 
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Figure 4-16: CO2 concentration in the exit gas for two different experiments, looping 1 (reference) with a 

carbonation temperature of 600-650°C and looping 2 with a carbonation temperature of 700-730°C. 

The significant difference in the observed rate of conversion can be attributed to: 1) the equilibrium 

concentration of CO2 varied from 2.7 to 5.1% as the temperature changed from 700°C to 730°C during 

this experiment compared to 0.2 to 0.8% during the experiments in the reference case. Figure 4-16 

shows that the exit CO2 concentration in the looping 2 experiment had a linear change in the 

concentration, barring the initial period, whereas for the looping 1 experiment, the CO2 concentration 

profile had an S-shaped profile, with gradual rise in the concentration with time, which increased at a 

faster rate once the conversion of the particles reached the maximum conversion limit. So, the optimum 

temperature in the reactor should be below 650°C to attain higher capture efficiencies for a longer 

period of time.  

4.4.6 Influence of Clay on the Degree of Carbonation 

In this experiment, 75 g of sandy clay was added to 250 g of limestone to keep the initial number of 

moles of limestone equal to that in the Looping 1 experiment. Figure 4-17 shows the degree of 

0

2

4

6

8

10

12

14

16

0 100 200 300 400 500

C
O

2
co

n
ce

n
tr

at
io

n
 [

vo
l.%

]

Time [s]

Looping 1 cycle 1 Looping 1 cycle 8

Looping 2 cycle 1 Looping 2 cycle 8



106 
 

carbonation of calcined limestone with respect to time for the experiment Looping 1 compared to 

Looping 4 (limestone mixed with sandy clay). 

 

Figure 4-17: Comparison of degree of carbonation with respect to time for cycles 1-5 for limestone in the 

reference case and a mixture of 30% clay in limestone. Calcination (mild conditions): temperature 650-800°C, 

under propane combustion (2 NL/min) in air, gas flow rate 60 NL/min. Carbonation: 15 vol.% CO2 in air, 

temperature 600-650°C. 

There was no difference in the trend of carbonation with respect to time and cycle number. Under the 

present operating conditions, there were no major differences between limestone and limestone mixed 

with clay. Similar results were also obtained from the cyclic experiments from the TGA apparatus 

under mild calcination conditions. However, under realistic conditions, there was significant difference 

in the CO2 capture capacity of the limestone.  
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4.4.7 Simultaneous SO2 and CO2 Capture 

The effect of SO2 on the CO2 capture capacity of limestone is another important factor in the carbonate 

looping process because SO2 is also captured by the limestone under carbonate looping conditions. So, 

experiments were performed to investigate the influence of simultaneous SO2 and CO2 capture during 

carbonation. In this experiment, SO2 gas (30 mL/min) was injected into the fluidizing gas [500 ppmv] 

only during the carbonation stage. Figure 4-18 shows the conversion of CaO to CaCO3 and the 

conversion of SO2 gas (capture of SO2) during the carbonation cycle. 

 

Figure 4-18: Degree of carbonation with respect to time for cycles 1-5, during the simultaneous re-carbonation 

and sulfation of lime. 
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Due to the high space time (
2,0 1950Ca SOn n  ), complete conversion of SO2 gas was observed at 500 s 

in the first carbonation cycle. In the subsequent cycles, the conversion of SO2 dropped quickly 

compared to the earlier cycles. This phenomenon is due to the retention of SO2 in the limestone, which 

accumulates from cycle to cycle, thereby lowering the CO2 capture capacity from cycle to cycle. The 

presence of SO2 had no significant effect on the CO2 capture capacity of limestone in the first cycle. An 

important factor that can be observed with simultaneous capture is the release of CO2 from CaCO3 

occurred after a certain time, and this effect was more pronounced with increasing cycle number. The 

negative conversion of CaO to CaCO3 was due to direct sulfation according to the reaction: 

3 2 2 4 20.5CaCO SO O CaSO CO         4-14 

and with indirect sulfation of calcined limestone at the beginning of the cycle according to the reaction: 

2 2 40.5CaO SO O CaSO        4-15 

So, the concentration of CO2 in the exit gas increased due to the release of CO2 by direct sulfation. 

If the spent sorbent is continuously replaced by the fresh limestone, then it is possible to capture both 

SO2 and CO2 from the flue gas. 

4.5 Modeling of the Carbonator in the Bubbling Fluidized Bed Reactor 

The main objective of the fluidized bed reactor model is to describe the cyclic experimental results in 

the fluidized bed reactor and to investigate the parameters which cannot be studied in the small TGA 

apparatus, such as bed inventory and the time required for CO2 breakthrough. The Kunii-Levenspiel 

model[122] was adapted to describe the experimental conditions. The model was formulated to describe 

the transient conversion of calcined limestone in the bed and the CO2 concentration profile along the 

height of the bed. The critical information necessary to predict the experimental results are the 

conversion of limestone particles and the gas-solid contact pattern in the reactor. 
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4.5.1 Particle Conversion 

 The conversion of limestone is defined by the reaction rate term, which is assumed to be first order 

with respect to CO2 concentration. The carbonation reaction at the surface of the particle is described 

by the semi-empirical equation based on the spherical grain model[79]: 

   
2 2

2
3

,1x CO CO eq

dX
k X C C

dt
  

                          
4-16 

where 
3

x

m
k

mol s

 
  

 is the effective rate constant. This equation is slightly modified to represent the 

carbonation of limestone under the fast reaction regime for each cycle as:  

 
2 2

2/3

,
max,

1N
f CO CO eq

N

dX X
k C C

dt X

 
   

                            

4-17 

under each cycle where max,NX  is the maximum conversion attained by calcined limestone particles in 

the fast reaction regime of the carbonation cycle “ N ”, 
3

f

m
k

mol s

 
  

is the function of surface area 

2

3o

m
s

m

 
 
 

and initial porosity oe of particles and the surface rate constant 
4

s

m
k

mol s

 
  

, given by the 

equation: 
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e
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ak

kJ
E

mol
 
  

is the activation energy and 
4

so

m
k

mol s

 
  

is the pre-exponential constant. The activation 

energy in the kinetically controlled regime was reported to be zero by Bhatia and Perlmutter[79], 

whereas Kyaw et al[150] estimated the value to be 78 kJ/mol. Grasa et al.[82] and Sun et al.[33] estimated 

the activation energy around 20 and 29 kJ/mol, respectively. The reason for the difference activation in 

energies might be because of the limestone structure, which is influenced by the limestone composition 

and calcination conditions. For any reaction to occur, there are two barriers: the first one is chemical 

energy and the second one is mechanical energy related to structure, which might also have a 

significant effect as observed by the difference in activation energies for different limestones[33]. The 

reaction rate constant estimated from the TGA and the fluidized bed reactor fk  is 2-3.5
3m

kmol s

 
  

. The 

rate constant estimated by Bhatia and Perlmutter[79] and Grasa et al.[82] is based on the surface area of 

the particle, which depends on the calcination conditions. Converting the kinetic surface rate constant 

estimated by Grasa et al.[82], 40.559 5sk e m kmol s      to 327fk m kmol s    , using the given 

surface area of the particle per unit volume at 650°C, the estimated rate constant is one order of 

magnitude higher compared to the estimated value for the limestone used in the TGA and fluidized bed 

reactor. The main factor that contributes to this difference is the surface area of the particle per unit 

volume or the activation energy for the type of limestone used. Since the surface area of the calcined 

limestone varies with calcination conditions, it is not easy to compare reaction rate constants. Figure 

4-19 shows the conversion profile of calcined limestone using equation 4-17 with the experimentally 

determined rate constant compared with experimental conversion.  
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Figure 4-19: Carbonation of limestone calcined under mild calcination conditions with respect to time in a TGA 

apparatus: the dashed line is the experimental conversion and the solid line is the predicted conversion applying 

equation 4-17. 

The maximum conversion of calcined limestone particles is given by: 

max,

1

1
1

N r

r

X X

k N
X

 
 

   

                               4-20 

where 0.13rX  is the residual conversion of limestone and 0.9k   is the decay constant. Cyclic 

experimental results were used to determine these parameters. 

0 20 40 60 80 100 120 140 160 180
0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

Time [s]

C
on

ve
rs

io
n 

C
aO

 t
o 

C
aC

O
3

 

 

Experiment
Model



112 
 

4.5.2 Flow Profile in a Bubbling Fluidized Bed Reactor 

The bubbling fluidized bed carbonator reactor model was adapted from the general model defined by 

Kunii and Levenspiel. The fluidizing gas entering the bed is considered to split into two phases: 1) an 

emulsion and 2) a bubble phase. The flow of gas through the bed is assumed to be in plug flow and the 

bed material is assumed to be well-mixed. 

 

Figure 4-20: Gas flow pattern in the bubbling fluidized bed reactor with intermediate sized particles. 

The emulsion region is assumed to be under minimum fluidization conditions, meaning that the void 

fraction in the emulsion phase is equivalent to the conditions at the minimum fluidization velocity. CO2 

gas in the emulsion phase reacts with calcined limestone particles along the length of the bed. In the 

emulsion region, particles are considered to be well-mixed. Further CO2 gas transfer from bubbles to 

the emulsion is defined as a function of the gas concentration in the bubble region where the gas is 
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assumed to flow as a plug flow. The bubble fraction in the bed is defined by the following equation for 

intermediate sized particles[151] : 

     1< 5
5

4

o mf b mf

o b mf mf
o

u u u
for

u u u
u


 


 




     4-21 

The fraction of the emulsion region in the bed is (1 ) , further assuming that the minimum 

fluidization condition in the bubble region void fraction of the bed is mf . Thus, the fraction of particles 

in the emulsion region is (1 ) (1 )e mf       . The fraction of bed material in the bubble region is 

assumed to be negligible. In the bubbling fluidized bed reactor experiments, the bed consisted of both 

sand and limestone particles. So, the fraction of limestone particles in the bubble and emulsion region 

depended on the weight fraction of the limestone particles in the bed. The initial weight of the bed was 

1 kg, of which 750 g was sand the rest was 250 g of limestone particles. The initial weight fraction of 

the sorbent (calcined limestone) in the bed was 0.25  .  

So, the estimated fraction of sorbent in the emulsion region, considering a uniform distribution of sand 

and sorbent, in this case is given by: 

es e                                        4-22 

The transfer of gas from bubbles to the emulsion given by[122]:  

4.5 mf
be

b

u
K

d

 
  

                                                                                                                                 
4-23
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The transfer of gas from the emulsion to bubbles or vice versa depends on the concentration difference 

between these two phases, i.e.  b eC C . So, finally, the mass balance for CO2 gas along the length of 

the reactor in the bubble and emulsion phases is: 

In bubble: disappearance in bubble = transfer to emulsion 

In emulsion: disappearance in emulsion = reaction in emulsion + transfer to bubble 

*

( )b be b e

b

dC K C C

dz u

 


                           
  4-24 

 (1 )(1 ) ( ) ( )
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
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The velocity of bubble gas depends on the flow rate of fluidizing gas and is defined by: 

* (1 )o mf
b

u u
u




 


                                                                                                                        
4-26

 

The rate of reaction in the fluidized bed reactor is obtained according to the equation to measure the 

molar volume of CO2 captured per molar volume of calcium oxide: 

2
3

max,

1 CaO
r f

N CaO

X
K k

X M

 
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                                                                                                               
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In order to describe the transient behavior, the conversion of the bed has to be considered with respect 

to time. This will result in a change in the exit concentration of CO2 and the concentration profile along 

the height of the bed with respect to time. The transient behavior is taken into account by discretizing 

the model over time. The discretization time step is estimated by dividing the height of the bed by the 

gas velocity. The model is solved for each time step by guessing the limestone conversion and 

estimating the CO2 capture, which is used for calculating back the limestone conversion using the 

iterative code developed in Matlab. The sequence of steps carried out in the program to predict the 
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experimental result is presented in the flow sheet. In order to solve the model, the initial conversion of 

the bed was estimated and used to estimate the average reaction rate of the bed. This average reaction 

rate was used to estimate the CO2 concentration along the height of the reactor. The number of moles 

of CO2 captured was estimated based on the exit CO2 concentration. Since the number of moles of CO2 

captured must be equal to the number of moles of converted limestone, the average conversion of the 

bed was calculated again. This value was compared with the initial estimated value, and if the absolute 

difference in error was less than 0.0007, then the solutions converged. If the error was higher than the 

given criteria, then a new estimated value was provided and the procedure was repeated. The 

concentration of CO2 at the exit of the bubbling bed was obtained by adding the concentration 

estimated from each phase. Table 4-6 lists model parameters used for the simulaion. 

2 _ , ,(1 )
exitCO b exit e exitC C C   
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The volume of fraction of CO2 in the exit gas was estimated according to: 

2 2,exitCO CO

RT
x C

P
   
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The fraction of CO2 captured in the carbonator was estimated based on the volume fraction at the inlet 

and outlet gas streams: 

2 2
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In this equation, the flow rate of CO2 in the exit gas was determined according to: 
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 The change in the average conversion of the bed is given as: 
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Table 4-6: Values of different parameters used in the model.
 Parameter Value units 

pd
 

800 mm 

mfu
 

0.14 m/s 

beK
 

11.04 1/s 


 

0.64 - 

*
bu

 
1.09 m/s 

 0.25,1a - 

bd
 

0.06 m 

a
total bed material is limestone
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Figure 4-21: Flow sheet for the sequence of calculations used to solve the proposed model. 
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4.5.3 Model Validation 

In Figure 4-22, the conversion of calcined limestone in the bed predicted by the model was compared 

with the reference experiment for cycles 1 and 10. The model predicted fairly well the conversion of 

calcined limestone in the bed for the first cycle and the tenth cycle. 

 

Figure 4-22: Comparing the conversion of calcined limestone in the bed for the first cycle and the tenth cycle 

with the model predicted results. 

Similarly, the concentration of CO2 in the exit gas from the experiment was compared with the model 

predicted CO2 concentration in Figure 4-23. There were some deviations in the predicted values which 

are reasonable based on the simplification assumed to solve the model. The CO2 concentration in the 
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exit gas showed a sharp increase in the beginning, which corresponds to the equilibrium concentration 

of CO2 gas and gas escaped the bed in the form of bubbles without interacting with the calcined 

limestone in the bed. The rise in the CO2 concentration in the exit gas from the initial level was due to 

the change in active fraction of calcium oxide available for CO2 capture until the exit concentration of 

CO2 gas was equal to the inlet concentration. 

 

Figure 4-23: Comparing CO2 concentration in the exit gas with respect to time for the first cycle and the tenth 

cycle with the model predicted results. 

In the fluidized bed reactor, the concentration of CO2 at the fluidizing gas inlet was equal to the inlet 
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and with the conversion of the bed. Figure 4-24 shows the model predicted results for the CO2 

concentration profile along the height of the bed with respect to time. At the bottom of the bed, the 

concentration of CO2 dropped sharply along the height of the reactor in the beginning of the reaction, 

but the drop in the CO2 concentration decreased with time, as expected. So, for a low CO2 

concentration in the exit gas, fresh calcined limestone has to continuously replace the partially 

carbonated limestone in the bed. 

 

Figure 4-24: CO2 concentration along the height of the reactor as a function of time for the first carbonation 

cycle. 
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4.5.4 Influence of Sorbent Inventory 

The sorbent inventory is an important operating parameter. Cycle experiments were carried out with 1 

kg and 250 g of limestone. The main difference observed was the concentration of CO2 in the exit gas 

(see Figure 4-12). The bubbling fluidized bed reactor model was simulated with different fractions of 

limestone and sand to investigate its influence on the exit CO2 concentration. The results show the exit 

CO2 concentration not only depends on the calcined limestone conversion but also on the sorbent 

inventory. For 50% conversion of the calcined limestone, the concentration of CO2 was 9 vol.%, 4.5 

vol.% and 1 vol.% for a limestone inventory of 100 g, 250 g and 1000 g, respectively, as observed in 

Figure 4-25. 

 

Figure 4-25: CO2 concentration in the exit gas with respect of different conversions for different sorbent 

inventories in the bubbling fluidized bed model. 
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4.5.5 Sensitivity Analysis of the Model 

 

Figure 4-26: Sensitivity of bed temperature on the exit CO2 concentration evaluated for temperatures of 600°C-

750°C; the inlet CO2 concentration was 15.5 vol.%, and the weight of limestone in the bed was 250g. 

The model was simulated by varying parameters and the exit CO2 concentration was compared with the 

experimental results. The sensitivity of the bed temperature was investigated by simulating the model 

for different temperatures, i.e. 600-750°C, which is important to control the bed temperature as the 

energy released from the exothermic reaction should be extracted. Figure 4-26 shows the model 

predicted results, and a temperature below 700°C is important for high capture efficiency. The CO2 

concentration in the exit gas matched with the simulation results at 600/650°C in the initial period, in 

the intermediate period it was closer to the CO2 concentration predicted at 700°C and in the lower end, 
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the temperature results were close to the experimental results. The observed deviation in the model and 

experiment results might be due the change in the temperature profile in the bed during the carbonation 

period. 

The influence of gas-transfer between the bubble and emulsion phase was evaluated by varying the 

transfer co-efficient: 5.7 to 22.8 [1/s]. The results presented in Figure 4-27 indicate that the sensitivity 

of the gas transfer co-efficient was very high in the beginning when the conversion of the bed was very 

low, which resulted in a large difference in the CO2 concentration. The sensitivity of this parameter 

decreased as the active fraction in the bed decreased over time. 

 

Figure 4-27: Sensitivity of gas transfer between bubbles and the emulsion evaluated for three values: the 

reference gas–transfer (11.4 [1/s]) was taken from the literature, along with double the reference value and half 

of the reference value. 
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The bubble fraction in the bed is another parameter for which the sensitivity was investigated as this 

parameter is difficult to study experimentally. The value was estimated based on the literature 

correlation equation and sensitivity was investigated by varying the estimated parameter by ± 20%. 

Figure 4-28 presents the results for the three values; a lower bubble fraction in the bed resulted in high 

CO2 capture efficiency when the bed had a high active fraction and dropped sharply with to a lower 

capture efficiency due to high bed conversion. However, the value estimated from the literature better 

fits the experimental results compared to the other two values. 

 

Figure 4-28: Sensitivity of the bubble fraction on the exit CO2 concentration evaluated for three values: 0.625 is 

the reference value taken from the literature, 0.745 is 20% higher than the reference value and 0.5 is 20% lower 

than the literature value. 
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The sensitivity of the rate constant was investigated for two values: 1) the rate constant estimated by 

Grasa et al.[82] and 2) the rate constant estimated using the spherical grain model with the TGA 

experimental results under similar conditions as the fluidized bed reactor. The result predicted using the 

rate constant obtained by Grasa et al.[82] was very optimistic compared to the experimental results, as 

observed in Figure 4-29. 

 

Figure 4-29: Comparison the rate constant: 1) determined from limestone in the TGA apparatus 

33[ / ]fk m kmol s   and 2) 327[ / ]fk m kmol s  [82]. 
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4.6 Conclusions 

Cyclic experiments were performed in the fluidized bed reactor and a fluidized bed reactor model was 

developed to explain the experimental results, which was later used for a sensitivity analysis. Based on 

the cyclic fluidized bed experimental results and the fluidized bed reactor model, the following 

conclusions were made: 

 The general trend in the CO2 capture capacity (conversion of CaO to CaCO3) as a function of 

cycle number was similar to the TGA cycle experiments. 

 The performance of the fluidized bed reactor using clay mixed with limestone was similar to 

using limestone alone. 

 The shift in the rate constant from the kinetically controlled reaction regime to the diffusion 

control regime was observed in the TGA and fluidized bed reactor. The estimated kinetically 

controlled reaction rate constant was 3 [m3/kmol.s]. 

 The rate of attrition constant was estimated for limestone, 3.01e-5 [1/s], was comparable to the 

attrition constant value found in the literature. 

 A high sorbent inventory will result in a high CO2 capture efficiency for a longer period of time, 

but the rate of conversion of calcined limestone will be lower. So, the optimum inventory 

should be a balance between the CO2 capture efficiency and the average conversion of the bed. 

 SO2 in the gas can be captured along with CO2, but the capacity to capture CO2 dropped 

significantly from cycle to cycle. 

 The fluidized bed reactor model predicted the experimental results using the rate constant 

estimated from the TGA apparatus. Although this model is not suitable for industrial application, 

it can be used to study the influence of some parameters which cannot be measured directly. 



127 
 

 The sensitivity of the model parameters was investigated: 

 The results indicate that the temperature of the bed during carbonation should be below 

700°C for high CO2 capture efficiency. 

 The influence of the gas-transfer co-efficient between bubbles and the emulsion was also 

investigated and the bubble fraction was investigated. The results show that values 

estimated from the literature fit the experimental results. 

 The estimated carbonation rate constant for the limestone was lower than rate constant 

presented in the literature. 
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5. Carbonation of Calcined Limestone in a Circulating Fluidized Bed 

Reactor 

In Chapters 3 and 4, cycle experiments were carried out in a TGA and in a fluidized bed reactor to 

investigate the carbonate looping process. The qualitative results concerning the CO2 capture capacity 

of the sorbent as a function of cycle number were similar. However, for industrial application, 

continuous operation of the fluidized bed reactor is necessary. The most suitable reactor for continuous 

operation is a circulating fluidized bed reactor. So, in this chapter, the performance of the carbonator 

for continuous carbonation of calcined limestone was investigated in a circulating fluidized bed reactor. 

The objective of the experimental work was to evaluate the most sensitive parameter that controls the 

performance of the carbonator, defined by the CO2 capture efficiency.  

The other objective of this chapter was to develop a carbonator model using the experimental data to 

simulate important parameters. A circulating fluidized bed reactor model consisting of a dense bed and 

a lean region was proposed. The most important parameters in the simulation of the CFB reactor are the 

particle distribution profile along the height of the reactor and the rate of the reaction. The particle 

distribution along the height of reactor was estimated from experiments and the carbonation reaction 

rate constant was fitted to experimental data. 

5.1 Experimental 

5.1.1 Setup 

To study the carbonation of calcined limestone in the CFB reactor, experiments were carried out in a 

laboratory scale fluidized bed reactor. The schematic drawing of the experimental setup used for the 

carbonation experiments is presented in Figure 5-1. This experimental setup is the same as that used for  
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Figure 5-1: Schematic drawing of the experimental setup used for the carbonation experiments. 

the cyclic experiments in Chapter 4, but with additional probes and equipment. In order to operate the 

reactor as a CFB, a particle feeder was installed (to simulate recirculation) which can feed particles at a 

controlled rate into the reactor. However, it has the limitation of a maximum feeding rate of 1.1 kg/m2s. 

The feeder was placed on a sensitive balance which measures the weight of feeder. A particle sampling 

system was installed to sample particles during the experiments. This system consists of a probe, a 

small vacuum pump (Pump 2) and a gas-solid particle separator/collector. The probe is a 0.25” tube 
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with a wide opening (2.54 cm by 0.67 cm) along the length of probe which can be inserted in to the 

downer below the cyclone. The small vacuum pump was used to direct the particles through the probe 

into the gas-solid particle separator where particles were collected in small container at the bottom; gas 

flowed to the vent line. Along with a fixed thermocouple (T1-3) and pressure transducers (P1-3), there 

were additional temperature (T4) and pressure (P4) probes (3 m long) installed vertically from the top 

of the reactor. These probes were mobile and could be used to measure the temperature and pressure 

along the length of the reactor during the experiments. The data from the pressure transducers, the 

thermocouples, the gas analyzers, the feeder weighing balance and the mass flow controllers was 

logged continuously to the system using the Lab-view software with a time intervals of 1 s. 

5.1.2 Materials 

Calcined Faxe (coral) limestone (0-2 mm) delivered by Faxe Kalk A/S was used for the experiments.  

The calcined limestone was sieved to obtain three different particle size ranges: 0.5-1 mm, 0.25-0.5 

mm and 0.09-0.25 mm. Quartz sand (0.50-0.71 mm) was used as bed material, during the experiments 

with calcined limestone particles in the size range of 0.09-0.25 mm, to improve the fluidization 

properties. The calcined limestone particles were characterized in terms of the degree of calcination, 

the degree of hydration and the maximum CO2 capture capacity. The degree of hydration and the 

degree of calcination were estimated by weight loss of a sample in N2 by: 1) heating to 450°C, 2) 

maintaining 450°C for 3 min, 3) heating 450°C to 900°C, and 4) maintaining 900°C for 3 min. The 

maximum CO2 capture capacity was estimated by heating the sample to 650°C for 10 min in 15 vol. % 

CO2. A summary of particle characterization is presented in Table 5-1. 
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Table 5-1: Degree of calcination, hydration and CO2 capture capacity of calcined limestone for different 
particle size range (PSR) in mol/mol% and the BET surface area measurements from 3 samples each. 
PSR [mm] Deg. of Calcination Deg. of Hydration CO2 capture capacity in 10 min BET [m2/g] 

0.09-0.25 99.3±0.2 1.6±0.3 9.6±2.2 0.94±0.01 

0.25-0.50 99.0±0.1 1.7±0.2 11.5±0.2 1.65±0.18 

0.50-1.00 97.0±2.3 2.0±0.3 12.6±1.6 1.95±0.01 

5.1.3 Experimental Procedure 

The main objective of the continuous carbonation experiments was to determine the most sensitive 

parameter that controls the performance of the carbonator. Experiments were performed with three 

particle size ranges, as mentioned in Table 5-1. The influence of temperature was assessed by varying 

the reactor temperature, and the effect of the particle recirculation rate was investigated by controlling 

the particle feeder. The particle recirculation tested in the carbonate looping process in the dual 

fluidized bed reactors was in the range of 1-4 kg/m2s[113] and 10-20 kg/m2s[24], but in the present 

experiments, the maximum particle feed rate was only 1.1 kg/m2s. The influence of particle 

recirculation rate was not straightforward, as varying the particle recirculation rate changes the inlet 

Ca/C ratio and also influences the average CO2 concentration experienced by the particles in the reactor. 

So, it is important to understand the influence of each parameter: the particle recirculation rate and the 

CO2 concentration with a focus on the inlet Ca/C ratio. So, experiments were performed by: 1) varying 

only the particle recirculation rate at a constant inlet CO2 concentration, 2) varying the inlet CO2 

concentration at a constant particle circulation rate and 3) varying both the inlet CO2 concentration and 

particle feed rate to keep the inlet Ca/C ratio constant. Additional experiments were also performed to 

investigate the influence of simultaneous SO2 and CO2 capture by injecting SO2 into the fluidizing gas. 

A list of the main experiments performed in the fluidized bed reactor is presented Table 5-2. The 

experiment identity mentioned in the table explains the parameters varied, for example in Exp_T_1, “T” 

indicates temperature as the study parameter. 
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Before each experiment, the particle feeder was filled with calcined limestone particles and closed 

tightly. The weight of the feeder placed on the sensitive balance was noted. Feeder air was set to 10 

NL/min such that air flowed continuously through the feeding line, avoiding back pressure into the 

feeder. 

Table 5-2: Summary of the main experiments performed in the fluidized bed reactor. 
Experiment  Particle Size T1 Feeder_Air Air CO2 CO2_in SO2 Feeding rate

 Identity mm °C NL/min NL/min NL/min Vol.% NmL/min kg/min 

Exp_0 0.25-0.50 631 5.51 93.15 0.00 0.00 0 0.19 

Exp_T_1 0.25-0.50 608 5.51 74.11 17.32 17.86 0 0.19 

Exp_T_2 0.25-0.50 705 5.51 74.09 17.32 17.87 0 0.19 

Exp_T_3 0.25-0.50 660 5.51 74.11 17.32 17.87 0 0.19 

Exp_Gs_1 0.50-1.00 660 10.69 207.72 20.49 8.58 0 0.09 

Exp_Gs_2 0.50-1.00 660 10.69 211.61 20.49 8.44 0 0.11 

Exp_Gs_3 0.50-1.00 660 10.69 211.60 20.48 8.44 0 0.19 

Exp_Ca/C_1 0.25-0.50 670 10.69 67.76 17.31 18.08 0 0.81 

Exp_Ca/C_2 0.25-0.50 650 10.69 80.54 5.43 5.62 0 0.06 

Exp_Ca/C_3 0.25-0.50 660 12.76 76.22 8.84 9.04 0 0.09 

Exp_CO2_1 0.25-0.50 650 10.69 76.22 8.84 9.23 0 0.18 

Exp_CO2_2 0.25-0.50 650 10.69 67.77 17.32 18.08 0 0.18 

Exp_CO2_3 0.25-0.50 650 10.69 80.46 5.66 5.85 0 0.18 

Exp_SO2_1 0.25-0.50 650 10.69 76.22 8.84 9.23 0 0.18 

Exp_SO2_2 0.25-0.50 650 10.69 76.22 8.84 9.23 61 0.18 

Exp_SO2_3 0.25-0.50 650 10.69 76.22 8.84 9.23 115 0.18 

Exp_dp_1 0.09-0.25 660 10.69 76.22 8.84 9.23 0 0.13 

Exp_dp_2 0.09-0.25 660 10.69 76.22 5.66 6.12 0 0.13 

Exp_dp_3 0.09-0.25 660 10.69 76.22 5.66 6.12 115 0.13 
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The reactor was heated by external heating elements under a flow of air to attain a stable temperature in 

the reactor, measured by four thermocouples (T1-T4) as shown in Figure 5-1. The flow rate of air was 

predetermined based on the gas velocity for the particle size range used for the experiment (see Table 

5-3). The cold air was heated using the gas pre-heater to 400°C in order to reduce the temperature 

difference in the fluidizing gas around the air distributor plate.  

Table 5-3: Main operating parameters for the three particle size ranges. 
Particle size range [mm] 0.09-0.25 0.25-0.5 0.5-1.0 

Uo [m/s] 1.8 1.95 4.8 

Wo[kg] 1.1* 1.2 0.7 

*mixture of sand and limestone 

 

Figure 5-2: CO2 concentration in the gas measured before adding calcined limestone and during continuous 

feeding of calcined limestone (Exp_Ca/C_1). 

During the heating process, the fluidizing gas was changed from air to a mixture of CO2 and air, where 

the concentration of CO2 gas was equal to the inlet CO2 concentration during the carbonation 

experiment. The CO2 gas concentration was measured using calibrated gas analyzers (1, Figure 5-2) in 

order to verify the CO2 concentration estimated from the inlet gas flow rates. The fluidizing gas was 
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again changed to air after verification. The flow rate of the fluidizing gas was reduced before loading 

limestone through the top of reactor by opening the flange. After loading the limestone, the top of the 

reactor was closed tightly, then the temperature of the bed was increased and a small fraction CO2 in 

the exit gas was observed (Figure 5-2) at 1500 s due to the calcination of calcium carbonate present in 

the limestone. When the temperature in the reactor had stabilized in the range of 630-660°C, then the 

particle feeder was turned on and immediately the gas flow rate and composition changed to match the 

experimental conditions. The difference in the inlet and the exit CO2 concentration during the 

experiment is presented in Figure 5-2 (2, in the figure). 

The bed inventory, the temperature and the exit CO2 concentration settled in a stable range indicating 

steady operating conditions as shown in Figure 5-3. The steady operating conditions during the 

experiment (Exp_Ca/C_3) were a temperature of 640 (±10) °C at the bottom of reactor, a bed pressure 

indicating 42 mbar (± 4.5) equivalent to 1.2 kg of bed material in the reactor, an inlet CO2 

concentration of 9 vol.% and an exit CO2 concentration of 5.8 (±0.2) vol.%. During steady operating 

conditions, the temperature and the pressure along the height of the reactor were measured using the 

mobile temperature (T4, Figure 5-1) and pressure (P4, Figure 5-1) probes. The measurements were 

taken by lowering the probes in small steps (15 cm) from the top of the reactor. The probes were 

lowered and fixed in the position for 2-3 min and the time average (2 min) measurement from the 

system was noted. The temperature and the pressure profile along the height of the reactor is presented 

in Figure 5-4. In the experiments with a particle size range of 0.09-0.250 mm, the initial bed material 

loaded in the reactor was quartz sand particles (0.5-0.71mm) instead of calcined limestone. Quartz sand 

was used as a bed material in these experiments to enhance the fluidization properties along with 

maintaining stable operating conditions. 
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Figure 5-3: Pressure due to sorbent inventory, average bed temperature and CO2 concentration in the inlet and 

the exit gas in a typical experiment (Exp_Ca/C_3) under stable operating conditions. 

The pressure profile is presented for three particles size ranges in Figure 5-4. The pressure dropped 

rapidly above the distributor plate due to the dense bed region, and further up along the reactor height, 

the pressure dropped at a lower rate due to the lean particle phase distribution. The pressure profile 

measurement was used to estimate the particle distribution along the reactor height. The temperature 

600

620

640

660

680

700

0 500 1000 1500 2000 2500 3000

T
em

p
er

at
u

re
 [

°C
]

Time [s]

0

10

20

30

40

50

60

70

0 500 1000 1500 2000 2500 3000

P
re

ss
u

re
 [

m
b

ar
]

Time [s]

Press above distributor  plate

60 per. Mov. Avg. (Press above distributor  plate)

0

2

4

6

8

10

0 500 1000 1500 2000 2500 3000

C
O

2
C

on
ce

n
tr

at
io

n
 

[v
ol

.%
]

Time [s]



136 
 

profile is presented for the particle size range of 0.25-0.5 mm for experiments with and without CO2 

capture. The temperature along the height of the reactor was constant, barring the bottom and top zones 

of the reactor mainly due to cold gas entering the system and heat loss from the top of the reactor, 

respectively. 

  

Figure 5-4: Pressure (a) and temperature (b)  profile in the reactor under stable conditions. The pressure profile is 

presented for three particle size ranges; the gas flow rate for the particle size range 0.5-1.0 mm was 250 NL/min 

and for the others it was 97 NL/min. The temperature profile is presented for specific operating conditions with 

the gas flow rate (97 NL/min ~2 m/s), particle recirculation rate (1.08 kg/m2.s) and bed inventory (~1 kg) for 

particles sized 250-500 µm; without reaction (Exp_0) and with reaction (Exp_Ca/C_1).  
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Under stable conditions, the particles separated from the gas need to be sampled for analysis. In order 

to sample the particles, without influencing the operating conditions in the reactor, a simple particle 

sampling system was installed which was turned on to take representative samples. The limestone 

particles sampled below the cyclone were cooled in a desiccator before storage in a 50 mL airtight 

container. The conversion of the sampled particles was estimated in a TGA apparatus and compared 

with the gas conversion data obtained from the inlet and exit gas concentrations. 

5.2 Data Analysis 

The experimental results were analyzed based on two methods: 1) particle analysis and 2) gas analysis. 

Particles sampled during the experiments were used to estimate the average degree of carbonation. The 

gas analysis was used to estimate the difference in the inlet and outlet gas compositions, since the 

amount of CO2 captured from the fluidizing gas in the carbonator should reflect in the average degree 

of carbonation of the solid particles. Thus, the closure of mass balance estimated from the gas analysis 

and the particle analysis will represent the accuracy of the results. 

5.2.1 Gas Analysis 

Under steady operating conditions, the concentration of CO2 in the exit gas will be constant. Thus, it 

can be used to evaluate the performance of the CFB carbonator with respect to the operating parameters. 

The performance was evaluated based on the CO2 capture efficiency ( carbE ), which is defined as: 

2 2

2

, ,

,

CO in CO out
carb

CO in

E
 





                     

               5-1 

In this equation, the flow rate of CO2 in the exit gas is estimated based on the concentration of CO2 in 

the exit gas (
2 , [ .%]CO outletx vol ) according to the following equation: 
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
                                     5-2 

where 

,t in , the volumetric flow rate of the fluidizing gas [NL/min] 

2 ,CO in , the volumetric flow rate of CO2 in the fluidizing gas [NL/min] 

5.2.2 Solid Particle Analysis 

The collected samples were analyzed in a TGA apparatus to estimate the degree of carbonation 

( carbX ).The assumption during the analysis was that the weight loss measured from the TGA is due to 

CO2 release. 

 
  
  ,

/ 44

/ 56

in f

carb carb in

f

w w
X X

w


       5-3 

where inw is the weight of the sample before analysis, fw is the final weight of the sample and ,carb inX  is 

the initial degree of carbonation.  

Based on the gas analysis ( carbE ), particle analysis ( carbX ) and the respective molar flows rates, the 

mass balance for the capture system was evaluated according to the following equation: 

 
2 2, / 44CaO carb CO in CO carbF X E   

                 
5-4 

where [ / ]CaOF gmol s  is the molar flow rate of calcined limestone estimated from the feeder set point, 

2 , [ / ]CO in NL s  is the flow rate of CO2 in the fluidizing gas and 
2CO is the density of CO2 under normal 

conditions. 
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5.3 Sensitivity of Experimental Results 

Table 5-4 summarizes the list of experiments performed with the stated operating parameters along 

with gas and particle analysis results. The mass balance closure was evaluated for most of the 

experiments listed in Table 5-4 except for a few experiments performed before installing the particle 

sampling system (Exp_Gs.). Figure 5-5 summarizes the experimental results where the number of 

moles of converted lime is compared with the number of moles of CO2 captured according to equation 

5-4. The mass balance results from the experiments, with a correlation coefficient of 0.96, indicate 

good reliability of the experimental results.  

 

Figure 5-5: Mass balance closure for all the experiments in the circulation fluidized bed carbonator under steady 

state operating conditions. 
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Table 5-4: List of the main experiments performed in the fluidized bed reactor. 
Experiment T1 VFG CO2_in SO2 U Wo Gs tau CO2_out Ca/CO2 Xcarb Ecarb FCaO

.Xcarb FCO2
.Ecarb Xcarb/ Xmax

Identity °C NL/min Vol.% ppmv m/s kg kg/m2.s min % - - - - - - 

Exp_0 631 98.7 0.00 0 1.9 1.1 1.09 6.3 0.04 - - - - - 

Exp_T_1 608 96.9 17.86 0 1.8 1. 1.09 5.6 12.55 4.4 0.07 0.34 0.23 0.25 0.61 

Exp_T_2 705 96.9 17.87 0 2.0 1. 1.09 6.0 11.53 4.4 0.10 0.40 0.33 0.30 0.87 

Exp_T_3 660 96.9 17.87 0 2.0 1.4 1.09 7.8 12.03 4.4 0.09 0.37 0.30 0.28 0.75 

Exp_Gs_1 660 238.9 8.58 0 4.8 0.7 0.54 7.5 8.37 1.8 0.013 0.03 0.02 0.02 0.13 

Exp_Gs_2 660 242.8 8.44 0 4.9 0.7 0.65 6.7 7.57 2.2 0.053 0.11 0.10 0.10 0.383 

Exp_Gs_3 660 242.8 8.44 0 4.9 0.7 1.09 4.1 6.82 3.7 0.063 0.21 0.18 0.18 0.423 

Exp_Ca/C_1 670 95.8 18.08 0 2.0 1.3 1.07 7.3 11.80 4.3 0.08 0.39 0.26 0.29 0.70 

Exp_Ca/C 2 650 96.7 5.62 0 1.9 1 0.35 17.3 3.51 4.6 0.09 0.39 0.10 0.09 0.79 

Exp_Ca/C_3 660 97.8 9.04 0 2.0 1.2 0.53 13.9 5.85 4.2 0.08 0.37 0.13 0.14 0.71 

Exp_CO2_1 650 95.7 9.23 0 1.9 1.5 1.07 8.5 2.88 8.5 0.09 0.71 0.29 0.27 0.78 

Exp_CO2_2 650 95.8 18.08 0 1.9 1.5 1.07 8.3 11.20 4.3 0.10 0.43 0.33 0.32 0.89 

Exp_CO2_3 650 96.8 5.85 0 1.9 1.4 1.07 7.7 1.01 13.2 0.07 0.84 0.23 0.20 0.62 

Exp_SO2_1 650 95.7 9.23 0 1.9 1.4 1.07 7.9 3.37 8.5 0.08 0.66 0.26 0.25 0.70 

Exp_SO2_2 650 95.7 9.23 600 1.9 1.4 1.07 7.9 3.37 8.5 0.08 0.66 0.26 0.25 0.70 

Exp_SO2_3 650 95.7 9.23 1200 1.9 1.4 1.07 7.9 3.37 8.5 0.08 0.66 0.26 0.25 0.70 

Exp_dp_1 660 95.8 9.23 0 1.9 0.22 0.78 1.6 6.98 6.2 0.04 0.26 0.10 0.10 0.46 

Exp_dp_2 660 92.6 6.12 0 1.9 0.252 0.78 1.9 3.66 9.6 0.03 0.42 0.08 0.10 0.35 

Exp_dp_3 660 92.6 6.12 1200 1.9 0.252 0.78 1.7 3.92 9.6 0.04 0.37 0.08 0.09 0.36 

1: Average temperature in the reactor along the reactor height under stable operation with a maximum standard deviation of ± 30°C; 

 2: Only sorbent inventory excluding a sand bed of 1.1 kg; 

3: Estimated from Ecarb. 
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5.3.1 Material Balance 

Along with mass balance from the gas and particle analysis, the other important parameter to evaluate 

the control in the experiments was the material balance. So, after each experiment listed in Table 5-5, 

the material balance was evaluated to check the amount of material entrained from the system in the 

exit gas. The material balance was evaluated based on the total input: initial loading of the calcined 

limestone, the feed rate of the calcined limestone times the total feeding time, the total CO2 captured 

based on the CO2 capture efficiency estimated from the experiment and the total output, i.e. the total 

weight of the particles collected in the container after the experiment. The difference between the input 

and the output gives the weight of fines entrained from the system or the coating of fine particles on the 

inner walls of the system. However, two experiments listed in Table 5-5 showed an excess of material, 

which may have been due to the release of particles from the inner reactor surface. 

Table 5-5: Material mass balance for different experiments including gas captured and particle conversion. 

Experiment  
Initial 

Loading Time 
Total 
fed 

CO2 
capture 

Total Material 
expected 

Measured after 
experiment Difference 

  kg min kg kg kg kg kg 

Exp_0 1.10 60.00 10.86 0.00 11.96 11.39 -0.57 

Exp_Ca/C_1-2 1.10 52.50 9.50 0.63 11.23 11.62 0.39 

Exp_Ca/C_3 1.30 110.00 8.95 0.56 10.81 10.30 -0.51 

Exp_CO2_1-3 1.20 83.00 15.02 0.83 17.05 17.48 0.43 

Exp_Gs_1* 0.65 46.00 8.33 0.32 9.30 9.06 -0.24 

Exp_Gs_2* 0.74 47.00 8.51 0.35 9.59 9.52 -0.07 

Exp_SO2_1-3 1.10 56.00 10.14 0.48 11.72 11.17 -0.55 

Exp_dp_1-3 1.00 66.00 8.71 0.28 9.99 9.38 -0.61 
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The material balance results indicate that the difference in the bed material for each experiment was on 

average 4%, estimated based on the expected bed weight. The material balance results and gas/particle 

analysis results show that the results obtained from the set of experiments have low uncertainty. 

5.4 Results and Discussion 

5.4.1 Influence of Temperature 

The influence of temperature was investigated by performing experiments at three different 

temperatures: 600°C (Exp_T_1), 650°C (Exp_T_3) and 700°C (Exp_T_2). The experiments were 

performed with the particle size in the range of 0.25-0.5 mm, with a particle circulation rate (feed rate) 

of 1 [kg/m2.s] and at a constant inlet CO2 concentration of 18 [vol.%]. Figure 5-6 summarizes the effect 

of reactor temperature on the performance of the carbonator.  

 

Figure 5-6: Influence of carbonation temperature on the carbonator performance with an inlet CO2 concentration 

of 18 vol.%, for particle size range of 250-500 µm, with maximum CO2 capture capacity of 11.5% at constant 

inlet Ca/C ratio 4.4. 
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Increasing the temperature from 600-700°C resulted in increased CO2 capture efficiency. Since the 

maximum CO2 capture capacity of calcined limestone is only 11.5% (Table 5-1), the CO2 capture 

efficiency of the carbonator was relatively low i.e. 0.3-0.4 with an inlet Ca/C ratio of 4.4. Comparing 

the conversion of calcined limestone to carbonate, the effect of temperature in the range of 600-700°C 

was clearly visible with an increase from 0.6 to 0.85 normalized to its maximum conversion. The 

obtained results in the fluidized bed reactor under steady state agree with the results obtained by the 

Bhatia and Perlmutter[79]. The observed trend is due to the low particle re-circulation rate during 

experiments where the maximum CO2 capture efficiency limit of the carbonator is only 0.5. The 

maximum CO2 capture efficiency limit is estimated as maxCa C X  (4.4x0.115). This value is well 

below the thermodynamic equilibrium limit which ranges from 0.99 to 0.96 for the carbonation 

temperature from 600°C to 700°C, respectively. 

For the rest of the experiments, the temperature of the reactor was set according to this experiment 

(Exp_T_3), such that the bed average temperature was close to 650°C, which resulted in an equilibrium 

CO2 concentration of 0.9 vol.%. This temperature was selected because a higher temperature should 

increase the equilibrium CO2 concentration limit exponentially for the carbonation reaction and might 

influence the final results in the experiments performed with a low inlet CO2 concentration. 

5.4.2 Influence of Inlet Ca/C Ratio 

In the CFB, the particle recirculation rate is an important parameter, but the accurate measurement of 

this parameter is not easy. The uncertainty over the measurement of this parameter was eliminated by 

using a controlled particle feeder to simulate recirculation. The performance of the carbonator was 

evaluated under controlled conditions to investigate the influence of inlet Ca/C. The experiments were 

performed to evaluate this parameter by: 1) changing only the CO2 concentration at a constant particle 
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circulation rate, 2) changing only the particle circulation rate at a constant inlet CO2 concentration and 

3) by changing both the inlet CO2 concentration and the particle circulation rate to keep the Ca/C ratio 

constant. Thus, it was possible to reveal the influence of the inlet Ca/C ratio on the performance of the 

carbonator. 

5.4.2.1 Varying the CO2 Concentration 

The influence of the CO2 concentration was investigated by changing the inlet CO2 concentration, i.e. 

5.8 vol.% (Exp_CO2_3), 9.2 vol.% (Exp_CO2_1) and 18 vol.% (Exp_CO2_1). The experiments were 

performed with a particle size range of 0.25-0.5 mm at a constant particle recirculation rate of 1 kg/m2.s. 

Figure 5-7 summarizes the effect of changing the inlet CO2 concentration on the performance of the 

carbonate at a constant particle recirculation rate. The degree of limestone conversion increased with an 

increasing inlet concentration, as expected, since the exit CO2 concentration in the reactor was 1, 3 and 

11 vol.%. A similar observation was observed from the in the literature when where the CO2 

concentration was directly proportional when it was less than 10 vol.% [33,79,81,82]. The inlet Ca/C ratio 

decreased with an increase in the inlet CO2 concentration from 13 to 4, respectively, which might have 

been a reason for the poor performance of the carbonator. Charitos et al.[152] investigated the influence 

of the inlet Ca/C ratio in a dual fluidized bed reactor where the carbonator was operated as a bubbling 

fluidized bed reactor. In their investigation, increasing the inlet Ca/C ratio from 4 to 17 improved the 

CO2 capture efficiency from 50% to 95% indicating the similar trend compared to current experimental 

results. 
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Figure 5-7: Influence of inlet CO2 concentration on the performance of carbonator at a constant particle 

recirculation rate of 1.08 [kg/m2.s] for a particle size range of 0.25-0.50 mm. 

5.4.2.2 Varying the Particle Circulation Rate 

 

Figure 5-8: Influence of particle recirculation rate on the performance of carbonator at a constant inlet CO2 

concentration (8.5 vol.%) for a particle size range of 0.5-1.0 mm. 
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The influence of the particle circulation rate was investigated by varying the particle feed rate, i.e. 0.54 

kg/m2.s (Exp_Gs_1), 0.65 kg/m2.s (Exp_Gs_2) and 1.1 kg/m2.s (Exp_Gs_3). The experiments were 

performed with a particle size range of 0.5-1.0 mm at a constant inlet CO2 concentration of 8.5 vol.%. 

Figure 5-8 shows the influence of the particle recirculation rate on the performance of the carbonator. 

A higher CO2 capture efficiency resulted in an increase in the particle recirculation rate. However, the 

inlet Ca/C ratio  also increased with an increased particle circulation rate, i.e. from 1.8 to 4. Comparing 

the results with the results from Charitos et al.[152], there are two observations: 1) the trend in the CO2 

capture efficiency is similar with respect to the increase in the inlet Ca/C ratio and 2) the trend in the 

conversion of calcined limestone particles is contradictory, i.e. in the current experiments, particle 

conversion increased with an increase in the particle recirculation rate, but the literature results 

indicated the opposite trend. Based on the detailed observations regarding the CO2 capture efficiency 

and the range of the inlet Ca/C ratio, it can be concluded that the average conversion of the calcined 

limestone particle increases with increasing the inlet Ca/C ratio, but this achieves a maximum and then 

drops again according to the mass balance equation 5-4. So, the present experiment represents the 

lower range of the inlet Ca/C ratio (1.8-4) and the literature results include the upper range of 4-17[152]. 

The increase in the CO2 capture efficiency in the current experiments could be either due to an increase 

in the particle recirculation rate or due to an increase in the inlet Ca/C ratio under a constant inlet CO2 

concentration. 
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5.4.2.3 Varying both the CO2 Concentration and Particle Circulation Rate 

 

Figure 5-9: Influence of a simultaneous change in the particle recirculation rate and the inlet CO2 concentration 

on the performance of carbonator at a constant inlet Ca/C = 4 for a particle size range of 0.25-0.50 mm. 

Varying either the CO2 flow or the particle flow resulted in a change in the inlet Ca/C ratio, which 

produced similar results regarding the performance of the carbonator. So, both the inlet CO2 

concentration and the particle circulation rate were varied such that the inlet Ca/C ratio was held 

constant at 4. The particle recirculation rate was varied from 0. 35 kg/m2s to 1.1 kg/m2s, whereas the 

inlet CO2 concentration changed from 5.6 vol.% to 18 vol.%, respectively. Figure 5-9 summarizes the 

performance of the carbonator and bed conversion with respect to varying these parameters at a 

constant Ca/C ratio. The results clearly indicate that the inlet Ca/C ratio is the controlling parameter for 

the performance of the carbonator.  
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Figure 5-10: Influence of the inlet Ca/C ratio on the CO2 capture efficiency and on the conversion of the bed in 

the carbonator. 

A summary of the experimental results from the study of the inlet Ca/C ratio is presented in Figure 

5-10. It is evident that increasing the inlet Ca/C ratio increases the performance of the carbonator. 

Furthermore, the average conversion of the calcined limestone particle increases with an increase in the 

inlet Ca/C ratio in the lower range up to 4 and decreases with a further increase in the ratio. Charitos et 

al.[152] presented only the upper range of the inlet Ca/C ratio, i.e. > 4. So, based on the experiment 

results, it can be concluded that if the inlet CO2 concentration is defined, then the performance of the 

carbonator can be controlled by the inlet calcined limestone flow rate. 

5.4.3 Influence of SO2 
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(Exp_SO2_3) and the results were compared with the performance of the carbonator without SO2 

(Exp_SO2_1) injection into the system. The particle size range used for these experiments was 0.25-0.5 

mm at a constant inlet Ca/C =8.5 with 9 vol.% CO2 and 1.1 kg/m2.s as the particle circulation rate. 

Figure 5-11 summarizes the performance of the carbonator and the average bed conversion with respect 

to the SO2 concentration.  

 

Figure 5-11: Influence of the SO2 concentration on the CO2 capture efficiency for the particle size range of 0.25-

0.50 mm. 
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very high, with values of 1224 (Exp_SO2_2) and 650 (Exp_SO2_3). A high Ca/S ratio might be the 

reason for the complete capture of SO2. Sulfation had no significant effect on CO2 capture because the 

degree of sulfation under steady conditions was very low (< 0.1 mol%). 

 

Figure 5-12: Influence of the SO2 concentration on the CO2 capture efficiency for the particle size range of 0.09-

0.25 mm. 

Simultaneous SO2 and CO2 capture experiments were also carried with the smaller particle size range 
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limestone particles. The exit SO2 concentration was also less than 10 ppmv because of the high inlet 

Ca/S ratio, which was 470. As with the experimental results with a larger particle size, the difference in 

the CO2 capture efficiency was due to the difference in the inlet Ca/C ratio. The inlet Ca/C ratio was 

8.5 (Exp_SO2_1) for the larger particle size range whereas it was 6 (Exp_dp_1) for the smaller particle 

size under the same inlet CO2 concentration (see Table 5-4). 

5.5 Modeling the Carbonator as a Fast Fluidized Bed Reactor 

A carbonator reactor model has been proposed based on the Kunii-Levenspiel (K-L) model for a 

circulating fluidized-bed reactor[126,127,153]. The performance of carbonator is defined by the fraction of 

CO2 captured ( carbE ) by the calcined limestone particles, which depends on the particle distribution 

along the height of the reactor and rate of CO2 capture by the particles. The particle distribution 

parameter is determined by bed pressure measurements during the experiment, as presented in Figure 

5-4 (a) and the CO2 capture rate is the fitting parameter. 

5.5.1 Assumptions 

The K-L reactor model to simulate the CO2 capture from the flue gas is developed based on the 

following assumptions:  

 Uniform temperature along the height of the reactor, which was verified by temperature profile 

measurement during the experiment. 

 No change in the bed inventory meaning that the particle feeding rate is constant and equal to 

entrainment rate from the reactor. 

The velocity of gas is assumed to be constant throughout the system as it did not has any significant 

influence on the evaluation of performance of the carbonator[125]. 
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 The change in particle density is not considered due to fractional conversion of calcined 

limestone. 

 The particle conversion was modeled using the work by Bhatia and Perlmutter[79] with minor 

modification to limit the reaction to the experimentally determined maximum CO2 capture 

capacity of the calcined limestone used.  

 The sorbent decay with respect to cycle number is not considered as the cycle number is limited 

to one. 

 The single fluidized bed reactor is operated in the "lower dense bed and lean freeboard" regime. 

Further the particle distribution profile was determined experimentally to validate the 

hydrodynamic model. 

 Further, the hydrodynamics data was obtained from the experiments which eliminate the use of 

correlations depending on particle size. 

 The main control parameter is the particle recirculation rate. 

5.5.2 Particle conversion 

The particle conversion of calcined limestone to carbonate in the initial fast stage was described 

according to the semi-empirical function given by equation 5-5: 

 
2 2

2/3

,
max

1N
f CO CO eq

dX X
k C C

dt X

 
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The rate of reaction in the fluidized bed reactor was obtained according to equation 5-6 to measure the 

molar volume of CO2 captured per molar volume of calcium oxide, where 3
fk m kmol s    was fitted 

to match the experimental results. 

2
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1 CaO
r f

CaO

X
K k

X M

 
  

                                    
5-6                                      

5.5.3 Particle Distribution 

In a circulating fluidized bed, the particle distribution along the length of the reactor is divided into two 

distinct regions i) a lower dense region and ii) a lean freeboard region. Under steady operating 

conditions the hydrodynamics in the reactor control the particle distribution s  and the gas-particle 

contact efficiency . First considering the particle distribution, the CFB carbonator reactor of height tH  

is divided into two regions: a lower dense bed of height dH  and a upper lean region lH . In the dense 

bed, the volume fraction of particles is constant represented by “ sd ”. There are two phases in the 

dense bed: 1) gas rich phase (core/bubble) and particle rich phase (wall/emulsion). The fraction of 

core/bubble region ( cd ) in the dense bed is assumed to have no particles and in the particle rich phase 

mf is void fraction under minimum fluidization conditions and the fraction of solids in the wall region 

is given by    1 1mf cd   . Based on the above simplifications the fraction of core or bubble region 

in the dense bed can be estimated by equation[127]: 

(1 )
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Figure 5-13: Illustration of the fast fluidized bed reactor model used to describe the experimental results. 

The main parameters which control these regions are the gas velocity, particle size and particle 

circulation rate. In general, with a constant particle circulation rate and particle size distribution, an 

increase in the gas velocity reduces the length of the lower dense region and increases the freeboard 

region. However, an accurate prediction of the particle distribution is difficult using the correlation 

presented in the literature, which depends on the dimensions of the fluidized bed reactor. So, the 

particle distribution profile along the height of the reactor was measured using the pressure probe under 

stable operating conditions, as shown in Figure 5-4. The difference in the pressure from one location to 

the next was used to estimate the particle distribution. The conversion of bed pressure into the particle 

volume fraction was estimated with 1 mbar equivalent to 28.8 g, taken from the experiments. The 

experimental data (Figure 5-14) was used to estimate the decay constant ‘a’ according to the equation: 
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 * * lahl
s s sd s e      

                     5-8

 

where l
s is the volume fraction of solids in the freeboard region at location lh , which varies from 0 at 

Hd to Hf at the top of the reactor. 
*
s is the particle fraction independent of height of reactor, taken from 

the literature as 0.001[122]. sd is the dense bed volume fraction of particles measured during the 

experiments. The height of the freeboard region above the dense bed region is given by the difference 

in the total height of the reactor and height of the dense bed (Ht-Hd). The height of the dense bed was 

estimated by solving equation 5-9.  

*( )sd se
t sd f sd s

t s

W
H H

A a

    



   

                    
5-9

 

where W is the inventory of solids in the reactor, tA  is the cross-sectional area of the reactor, s is the 

bulk density of the particles and se is the fraction of solids at the exit of the reactor estimated from 

equation 5-8. Substituting all known values, fH was estimated by solving equations 5-8 and 5-9 

simultaneously in Matlab using the function “fsolve”, where fH  and se  were guessed to find out the 

solution that satisfied equations 5-8 and 5-9. A summary of the experimental values and estimated 

values is presented in Table 5-6. 

Table 5-6: Summary of hydrodynamic parameters such as volume fraction in the dense bed, the decay constant 
and height of the freeboard region estimated to represent experimental data for the two particle size ranges. 

dp range [µm] ou  [m/s] oau [1/s] fH  sd  
*
s  

250-500 1.8 6 2 0.3 0.001 

500-1000 4.5 16 2.25 0.2 0.001 
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Figure 5-14: Solid particle distribution in the riser for different experiments in the circulating fluidized bed 

reactor for lime particles in the size range of 0.25-0.5 mm (a) and 0.5-1 mm (b). 

5.5.4 Carbonator Reactor Model 

In the CFB, the concentration of CO2 gas along the height of reactor can be described by the general 

equation under steady state[126]: 
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here  is particle volume fraction,  is the contact efficiency between the gas and particle which 

depends on the particle distribution, rK is the average rate constant and 
2COC is the concentration of 

CO2, ou is the superficial gas velocity and z is the height of the reactor. There are two expressions for 

estimating the CO2 concentration: one for the dense bed region and the other for the lean region based 

on the general equation 5-10. The concentration of CO2 at the top of the dense region, 
2 ,dCOC  , is given 

by an equation: 

2 2

2 2

, ,

, ,

ln CO in CO eq d sd r d

CO d CO eq o

C C K H

C C u

  
            

5-11 

where d is the contact efficiency in the dense bed region described by the equation[126]: 
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Substituting equation 5-12 in 5-11 gives the CO2 concentration at the end of the dense bed region. 
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The CO2 concentration in the lean region f t dH H H   is calculated according to the equation: 

2 2

2 2

, ,

, ,

ln
l

l
CO d CO eq l s r l

CO h CO eq o

C C K h

C C u

  
         

5-14 

where l is the contact efficiency in the lean region, which varies along the height of the reactor, i.e.

l d  at the top of dense bed dH  and increases along the height of the reactor according to l by the 

equation[154]: 
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1 (1 ) lbh
l d e                        5-15 

where b is the decay contact for gas-solid contact inefficiency in the lead region of a CFB. This 

constant is similar to the decay constant estimated to describe the particle distribution, which decreases 

along height of the reactor and the particles have high contact efficiency with gas along the height of 

the reactor. So, the constant b is assumed to be equal to a , which was estimated from the experimental 

data. Substitution of equation 5-8 and 5-15 into equation 5-14 gives the CO2 concentration along the 

height of the reactor in the lean region: 

2, 2, 2, 2,
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 5.5.5 Model Description 

The steady state carbonator CFB model is formulated in Matlab. The input parameters include the 

height of the reactor, cross sectional area, bed inventory under steady state, inlet gas flow rate, CO2 

concentration at the inlet, carbonator temperature, reactor pressure, particle re-circulation rate, decay 

constant, dense bed particle fraction, maximum CO2 capture capacity of calcined limestone. 

Considering the simplifying assumptions, the model was solved according to the flow sheet shown in 

Figure 5-15. The average conversion of the bed carbX  is guessed and reaction rate constant is evaluated 

according to equation 8. Then based on the estimated reaction rate constant, inlet CO2 concentration 

and the particle fraction in the denser region along with volumetric fraction of core/bubble and 

wall/emulsion region, and the gas transfer co-efficient between two regions, the CO2 concentration at 

the end of the dense region is estimated according to equation 5-13. The CO2 concentration at the end 

of dense bed region is used as the initial value and the CO2 concentration along the reactor height is 

estimated according to equation 5-16. The exit CO2 concentration is used to estimate the CO2 capture 
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efficiency of carbonator based on the CO2 absorbed and compared with the carbonator performance 

based on sorbent conversion with initial guessed value using following equations. 

2 2
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                                                 5-17 
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                                               5-18 

If the difference between the CO2 capture efficiency estimated from gas phase conversion and solid 

phase conversion, i.e.
, , , 0.01carb s carb g carb gE E E  , the model is assumed to converge; if not average 

conversion is initiated with a new guess value and the process reiterates with a sequence of steps until 

the solution converges. The simulation parameters for the steady state carbonator model are 

summarized in Table 5-7 for two particle size ranges.  

Table 5-7: Parameters used in the reactor model simulation (a: 0.25-0.5 mm  ; b: 0.5-1.0 mm) 
Parameter Value 

Height [m] 2.5 

Diameter [m] 0.06 

Gas velocity  [m2/s] 1.8a;4.5b 

Inlet CO2 concentration [vol.%] 5.6-18 

Temperature [°C] 600-700 

Solid Inventory [kg/m2] 245-530 

Solid density [kg/m3] 1655 

Solid fraction in dense bed [-] 0.3a;0.2b 

Particle decay constant [1/m] 2.7a;3.5b 

Reaction rate constant kr_fit [m3/kmol.s] 2 
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Figure 5-15: Flow description of CFB model solution and the iterative procedure used to find the steady state 

conversion, reaction rate and CO2 concentration profile along the length of the reactor. 
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5.5.6 Model Validation 

Figure 5-16 summarizes the model predicted CO2 capture efficiency of the carbonator with the 

experimental results. The degree of accuracy of the model is reasonable (R2 = 0.8). The summary of 

important model parameters used for simulating the carbonator reactor is presented in Table 5-7. In the 

listed parameters, the rate of reaction  3 /rk m kmol s    is the fitted to match the experimental results. 

Comparing the fitted reaction rate with the value presented in the literature  325 /m kmol s    [18,82], it 

is lower by one magnitude order. The observed difference in the reaction rate might be because of the 

type of the limestone and the calcination conditions which influence the structure of the particles. 

 

Figure 5-16: Comparison of the experimental values with the model predicted values for both solid and gas 

conversions at different temperatures. 
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5.5.7 Model simulation of Carbonator Operation 

The model is used to study the effect of changing carbonator operating parameters: 1) the carbonator 

temperature, 2) inlet CO2 concentration, in the range 14-28 vol.%  as typically found  in the flue gas 

from power plants and cement plants, respectively 3) CO2 capture capacity of sorbent limestone or 

cement raw meal and, 4) Increasing cycling number. The CO2 capture efficiency of the carbonator was 

simulated with respect to the particle re-circulation rate having constant CO2 capture capacity, for 

defined inlet CO2 concentration, which is the controlling parameter. 

 

Figure 5-17: Influence of carbonation temperature (600, 650, and 700°C) and inlet CO2 concentration (14 and 28 

vol.%) on the performance of carbonator. The maximum CO2 capture capacity of CaO is 11.5%. 
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 The influence of the carbonator temperature is presented in Figure 5-17. The results show that at low 

particle recirculation rates, there is little difference in the CO2 capture efficiency, whereas with 

increasing particle re-circulation rate the effect of temperature is clearly observed. This is similar to the 

experimental results presented by Charitos et al.[152].  

The influence of the inlet CO2 concentration is also shown in Figure 5-17. The inlet Ca to C ratio, 

ranges from 5 to 28 and 3 to 13 for an inlet CO2 concentration of 14 and 28 vol%, respectively. 

However, a CO2 capture efficiency of about 90% was obtained for inlet Ca to C ratios around 10 for the 

both cases. 
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Figure 5-18: Influence of calcined limestone and calcined raw meal on the performance of carbonator. The 

carbonator temperature was 600°C and inlet CO2 concentration is 14 vol.%. 

 Finally, the CO2 capture efficiency of cement raw meal is compared with limestone in Figure 5-18. For 

raw meal, the calculated CO2 capture efficiency increases from about 40% at a particle recirculation 

rate of 1 kg/m2s to more than 90% above 3 kg/m2s. As expected, raw meal has lower efficiency than 

limestone due to its content of inert material of about 40%. Figure 5-18 also present the performance of 

a carbonator applying industrial raw meal that has a maximum CO2 capture capacity of 0.15 in the first 

cycle estimated using the two parameter correlation equation with 0.05rX   and 8.7k  . 
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 Figure 5-19: Influence of cycle number on the performance of carbonator using the limestone whose residual 

CO2 capture capacity ( 0.05rX  ) and decay constant ( 8.7k  ). The carbonator temperature was 600°C and 

inlet CO2 concentration is 14 vol.%. 

Figure 5-19 shows the influence of increasing cycling number on the performance of a carbonator as a 

function of particle recirculation rate. In order to maintain high CO2 capture efficiency in the 

carbonator the particle recirculation rate has to be increased to compensate the decay in CO2 capture 

capacity of sorbent with increase in looping cycle number. Further, it can be observed that the 

difference in particle recirculation rate for same CO2 capture efficiency is higher in the initial cycle 

compared to later cycles. 

Based on the experimental results and model predicted results, the inlet Ca/C ratio is the most sensitive 

parameter which controls the performance of the carbonator. This parameter can be used to obtain the 

desired CO2 capture efficiency by controlling the particle recirculation rate. For example, by fixing the 

CO2 capture efficiency carbE , the particle recirculation sG [kg/m2s] can be estimated by the following 

equation: 

     
2

1s CO carb ave CaO CaO tG F E X M x A       5-19 

where 
2
[ / ]COF mol s is the molar flow rate of CO2 into the carbonator, [ / ]CaOM g mol is the molar weight 

of CaO, CaOx  is the weight fraction of CaO in the particle recirculation stream, carbE is the desired CO2 

capture efficiency, aveX is the average conversion of the sorbent estimated by the model converged 

solution and 2[ ]tA m is the surface area of the reactor. 
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5.6 Conclusions 

Continuous carbonation experiments were carried out in a fast fluidized bed reactor where particle 

feeder was used to simulate the particle recirculation with accurate measurement. On the basis of the 

experiments and modeling of the carbonator reactor the following conclusions are obtained. 

 High CO2 capture efficiency can be obtained in the carbonator even with sorbent material 

having low CO2 capture capacity.  

 The most influencing parameter on the performance of carbonator is the inlet calcium to carbon 

ratio.  

 The carbonator model was used to simulate different operating conditions relevant for industrial 

process. 

  The modeling results show that a particle recirculation rate (feed rate) of 2-5 kg/m2s is 

sufficient to achieve about 90% CO2 capture efficiency. 

 Carbonation experiments with a smaller particle size (0.09-0.25 mm) were carried out using 

large sand particles as the bed material, which enhanced the fluidization properties. So, cement 

raw meal, which has fine particles, can also be used in the fluidized bed reactor as a sorbent. 

This facilitates easy integration of the carbonator into the cement production process. 

 The experimental results for simultaneous SO2 and CO2 capture show that the presence of SO2 

up to 1200 ppmv had no significant effect on the CO2 capture efficiency. 

More work is required to include the effect of SO2 capture simultaneously with CO2 in presence of H2O. 

Further, more work is also required to evaluate the detailed effect of particle size, which will influence 

both the hydrodynamics and the particle conversion in the carbonator. 
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6. Process Simulation of a Cement Plant Integrated with the 

Carbonate Looping Process 

6.1 Introduction 

Two options for reducing CO2 emissions from cement production were investigated by the ECRA[15]: 

1) full oxy-fuel technology and 2) partial oxy-fuel technology. Full oxy-fuel technology is suitable for a 

new plant due to changes in the kiln operating conditions. In partial oxy-fuel technology, where only a 

part of the total CO2 emissions is captured, two scenarios have been investigated: 1) two string pre-

heater towers and 2) a single pre-heater tower where the flue gas from the kiln is let off, capturing only 

CO2 from the calcination step. Partial oxy-fuel technology has been shown to be applicable for 

retrofitting, but with constrains; one of the main constraints is the recirculation of CO2 gas to match the 

gas-to-solid ratio in the pre-heater section of the normal plant as the kiln flue gas is not directed to pre-

heater tower. However, even with partial oxy-fuel technology, it is expected that the operating 

conditions will change significantly, which might have severe effects on the efficiency of the process. 

So, CO2 capture from a new plant is relatively easier compared to the retrofitting option.  

A third alternative was investigated in this chapter for a new plant to capture maximum CO2 from the 

flue gas by integrating the carbonate looping process with the cement pyro-process. For easy 

integration, calcined cement raw meal can be used as the sorbent, according to the results from the 

cycle experiments described in Chapter 3. The new integrated process system consists of a dual 

fluidized bed reactor integrated with a rotary kiln for clinker production along with CO2 capture. The 

dual fluidized bed reactor will be the oxy-calciner and the carbonator. The CO2 capture capacity of clay 

mixed with limestone in fluid bed (Chapter 4) was similar to the TGA cycle experiment results 
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(Chapter 3). However, the particle size used in these experiments was much larger compared to cement 

raw meal. In Chapter 5, the performance of the carbonator was evaluated; a particle size of 0.09-0.25 

mm was used, which is close to the cement raw meal particle size range. So, it is assumed that cement 

raw meal can be used in the fluidized bed reactor without fluidization problems.  

The objective of this chapter was to determine: 1) the energy penalty for CO2 capture and 2) the stream 

flow rates for the integrated process. The carbonate looping process integrated into a cement plant was 

simulated using the process simulation software PRO/II. Process modeling was carried out to simulate 

a cement plant without CO2 capture as a reference case for comparison with the integrated process. In 

the simulation of the integrated system, the average conversion of calcined raw meal in the carbonator 

was dependent on the maximum CO2 capture capacity as a function of the looping cycle number, which 

was estimated from the TGA experiments, and the inlet Ca/C ratio into the carbonator was estimated 

from previous experiments in the CFB reactor. The effect of the scale of the cement plant was 

investigated along with a sensitivity analysis of the important parameters that influence the cement 

plant with full CO2 capture. 

6.2 Process Simulation Tool 

 PRO/II is a process simulation program[155]. In this program, a process flow sheet consisting of 

different unit operations can be simulated to evaluate the mass and energy balance. This program has 

an inbuilt data bank component useful for process simulation. The components selected from the data 

bank load all the thermo-physical properties required for the simulation. The program needs the 

following inputs: stream flow rates and composition, inlet conditions, reaction stoichiometry and the 

desired unit operations. It calculates the mass and the energy balance for each unit operation following 

the sequence in accordance with the defined process flow scheme. 
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6.3 Assumptions for System Boundary and Inputs 

There are many assumptions made to simplify the process simulation compared to the real process 

without compromising the final objective. In order to simulate the process model system, the system 

temperature boundary conditions for the reference case are defined in Table 6-1. 

Table 6-1: Temperatures defined for the reference system. 
Value Units 

Inlet stream  25 °C 

Flue gas outlet 300 °C 

Clinker outlet 100 °C 

Pre-calciner 900 °C 

Kiln 1400 °C 

 

The main inputs to the system are the fuel and the raw material composition. Pet coke was used as the 

fuel as it is one of the most common fuels used to provide energy in the cement industry[156]. The 

composition of the fuel used in this simulation is presented in Table 6-2 with ash being 0.3 wt.%, 

which has lower heating value (LHV) of 30 MJ/kg fuel (ash-free). The composition of the fuel 

presented here excludes the ash content. It is assumed that ash in the fuel ends up in the final product. 

Furthermore, the composition of cement raw meal is controlled by taking into account of the fuel ash 

content to maintain the desired quality. 

Table 6-2: Composition of pet coke in weight % (ash-free basis). 
Fuel Carbon Hydrogen Oxygen Sulfur Nitrogen Moisture 

Wt.% 82.23 3.09 0.5 5.5 1.9 6.78 
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Complete combustion of pet coke with 10% excess air results in flue gas, as summarized in Table 6-3. 

The composition of flue gas is given before desulfurization and deNOx according to the 

stoichiometric[157].  

Table 6-3: Composition of flue gas from the combustion of pet coke.  
  CO2 N2 O2 SO2 NO H2O Total 

Wet mol.% 16.07 76.71 1.97 0.40 0.32 4.53 100.00 

kg/kg fuel 3.01 9.16 0.27 0.11 0.04 0.35 12.94 

 
The other input to the simulation is the composition of the raw meal. In this simulation, only four main 

components of the cement raw meal were used, as the other components are present in minor fractions 

and it is assumed that these minor components have no significant effects on the simulation results. The 

composition of the assumed cement raw meal and clinker, based on the main components, is 

summarized in Table 6-4. 

Table 6-4: Composition of cement raw meal and clinker in weight %.  
Components CaO SiO2 Al2O3 Fe2O3 CO2 

Raw meal [wt.%] 42.3 15.64 4.91 3.91 33.24 

Clinker [wt.%] 63.36 23.43 7.35 5.86 0 

In the process simulation, the calciner, the carbonator and the kiln were simulated as an isothermal 

conversion reactor. In these reactors, the conversion of input streams is defined at a fixed reactor 

temperature. The reactor evaluates the product stream composition based on the defined conversion, 

and the energy balance is evaluated based on the inlet stream temperature and reactor temperature. The 

heat of the reaction is evaluated based on the degree of conversion. The reactor energy balance is 

estimated as reactor duty, which is the result of energy consumed/released to heat/cool input flow 

streams to the reactor temperature and the heat of the reaction released or consumed by the reactions. 

Negative reactor duty means energy is released from the system and positive reactor duty means energy 
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has to be supplied for defined reactions to be carried out. The reactions defined in the process 

simulation tool are listed below as equations 6-2 to 6-8. The combustion of fuel includes following 

reactions. The heat of reaction was estimated by the process simulation tool and was verified by the 

standard reference[158]. 

2 2 2 2( 2 ) 1.1( / 4 / 2 / 2) ( / 2 )c h s n o wC H S N O H O c h s n O O cCO H w H O sSO nNO           6-1 

This reaction was defined in the reaction data for the simulation as the following reactions. 

2 2  32 /rC O CO H MJ kgC    
     

6-2 

2 2 2 20.5  H 120 /rH O H O MJ kgH    
    

6-3 

2 2  H 17.5 /rS O SO MJ kgS    
     

6-4 

2 2 22  6.4 /rN O NO H MJ kgN   
     

6-5 

Along with combustion, the following reactions were defined for the calcination, carbonation and 

sulfation reactions, respectively, as: 

3 2 3 H 1.77 /rCaCO CaO CO MJ kgCaCO  
    

6-6 

2 3 3 H 1.77 /rCaO CO CaCO MJ kgCaCO   
    

6-7 

2 2 4 40.5  H 3.68 /rCaO O SO CaSO MJ kgCaSO    
   

6-8 

6.4 Normal Cement Plant Process Description 

In the modern dry cement pyro-process with a pre-heater and pre-calciner, the energy consumption is in 

the range of 2.9-3.4 MJ/kg cl[9,156]. The reference system considered here is the modern dry process 

with a pre-heater and pre-calciner. Figure 6-1 shows the main components: a pre-heater, a pre-calciner, 

a kiln and a cooler with the mass and the energy balance on the basis of 1 kg of clinker. The pre-heater 

is simulated as a simple heat exchanger where the hot flue gases from the pre-calciner are used to pre-
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heat the cold raw meal. The pre-heated raw meal, fuel, tertiary air and hot gases from the kiln enter the 

pre-calciner. In the calciner, combustion of fuel in 10% excess air is carried out along with calcination 

of raw meal. An isothermal (900°C) conversion reactor is used to simulate this process, where the 

100% conversion of fuel, 90% of limestone in the raw meal is calcined and SO2 released from the fuel 

and present in the hot flue gas from the kiln is captured by the calcined raw meal, resulting in 1.4 wt% 

of SO3. The value is below the defined limit required in the clinker for Portland cement, which is 3 

wt.%[9]. The reference cement plant operating parameters are summarized in Table 6-5 on the basis of 1 

kg of clinker produced.  

Table 6-5: Main operating parameters of the reference plant on the basis of 1 kg of clinker 
Main parameters of simulated reference plant 

Raw material 1.5 kg/kg cl 

Limestone 1.13 kg/kg cl 

Air flow to kiln (secondary air) 0.49 kg/kg cl 

Air flow to pre-calciner (tertiary air) 0.73 kg/kg cl 

Thermal energy 2.9 MJ/kg cl 

Flue gas 1.81 kg/kg cl 

CO2 emissions 0.81 kg/kg cl 

In the calciner conversion reactor, the reaction set is defined, which includes equation 6-2 to 6-6 and 6-

8. The calcined raw meal from the pre-calciner is heated with the hot flue gases from the kiln and the 

hot raw meal enters the kiln operated as an isothermal reactor at 1400°C. The kiln is simulated as a 

conversion reactor where complete combustion of fuel in 10% excess air and calcination of the rest of 

the limestone is carried out. It is assumed that the hot raw meal undergoes a series of reactions[159] to 

form clinker in the kiln. The hot clinker is cooled to 100°C using cold air, and the resulting hot air is 

used for combustion in the kiln and in the pre-calciner.  
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Figure 6-1: Reference pyro-process model system on the basis of 1 kg of clinker. 
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secondary air (0.49 kg/kg cl). The hot raw meal is assumed to be converted to clinker in the kiln and 

the hot clinker is cooled to 100°C using cold air, which is used as secondary and tertiary air while the 

rest can be sent to a heat recovery system. The composition of flue gas from the kiln and from the 

cement pyro-process is summarized in Table 6-6. 

Table 6-6: Flue gas composition from the reference pyro-process model system on the basis of 1 kg/kg cl. 
  Flue gas from pyro-process Kiln flue gas 

Components Mol [%] Flow rate [kg/kg cl] Mol [%] Flow rate [kg/kg cl] 

O2 1.50 0.03 2.03 0.01 

N2 61.28 0.94 72.20 0.38 

CO2 33.45 0.81 21.16 0.17 

SO2 0.00 0.00 0.38 0.00 

H2O 3.60 0.04 4.23 0.01 

NO 0.18 0.00 0.21 0.00 

Total 100 1.81 100 0.58 

 

6.4.2 Energy Balance 

The enthalpy balance of the system was estimated by defining the reference enthalpy to be 0 kJ/kg at 

0°C and 1 atm. The specific heat capacity of each stream was obtained from the simulation tool and 

compared with reference data5. The overall energy balance is summarized in Table 6-7. The main 

energy input is from the combustion of fuel, which is 2.9 MJ/kg cl. The other considered input is the 

energy released from the clinkering reaction in kiln and the sulfation reaction (6-8), which accounts for 

318 kJ/kg cl and 87 kJ/kg cl by capturing SO2 (0.0045 kg/kg cl from the kiln and 0.0068 kg/kg cl from 

the calciner), respectively. 
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Table 6-7: Enthalpy balance for the reference system on the basis of 1 kg of clinker. 

Input Total Mass Rate Temperature Total Cp 
Total Specific 

Enthalpy 

  kg / kg cl °C kJ/kg°C kJ / kg cl 

Air in 1.5 25 1.01 18 

Fuel to pre-calciner 0.06 25 1.35 2 

Raw meal 1.5 25 0.79 29 

Fuel to kiln 0.04 25 1.35 1 

Energy input - - - 2850 

Energy from sulfation of CaO - - - 87 

Energy from clinker formation - - - 318 

Total input 3316 

Output Total Mass Rate Temperature Total Cp 
Total Specific 

Enthalpy 

  kg / kg cl °C kJ/kg°C kJ / kg cl 

Clinker 1 100 0.88 88 

Exhaust gas 1.81 300 1.08 586 

Hot Air 0.28 200 1 56 

Calcination - - - 2013 

Energy losses - - - 469 

Total out    3212 

The energy requirement for producing 1 kg of clinker, as estimated from the simulation results, is 2.9 

MJ/kg cl. This estimated value lies in the expected range, indicating the accuracy of the process model, 

considering many simplifying assumptions to simulate the process. It can be seen that the major 

fraction of the fuel (60 w/w%) is consumed in the calciner due to the endothermic calcination reaction. 

The remaining fuel is consumed in the kiln for the clinker reaction at a higher temperature. The total 

energy loss from this process was assumed to be around 15% of the total energy input, which was 
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estimated for a plant with capacity of 3000 tons/day[160]. In a cement plant, low quality thermal energy 

can be recovered from the hot gases leaving the system using waste heat recovery systems. Thus, from 

the reference simulation model, the energy required for 1 kg of clinker is 2.9 MJ, with 0.8 kg CO2 

released and around 0.6 MJ/kg cl (exit flue gas and hot air from clinker cooler) of heat is available as 

the low quality thermal energy, which is difficult to recover. These values will be compared with the 

integrated process model for an evaluation of the carbonate looping process. 

6.5 Integrated Process System  

In order to reduce CO2 emissions from the cement production process, the carbonate looping process 

has to be integrated into the cement pyro-process. In this process, cement raw meal is used as a sorbent 

for easy integration; its behavior as a sorbent was presented in Chapter 3. 

 The integration can be performed by connecting the dual fluidized bed reactors with the kiln. The 

integrated process is outlined in Figure 6-2. In this system, a separate oxy-fuel calciner is used instead 

of an in-line calciner in the normal cement plant. The heat recovery from the hot kiln flue gases is 

carried out by heating the fresh raw meal before directing the flue gases into the carbonator. In the oxy-

calciner, the raw meal is calcined in a CO2-rich atmosphere and the CO2-rich flue gas at 950°C is 

directed for heat recovery before it can be sent to storage. The calcined raw meal from the calciner is 

used for both clinker production and for the CO2 capture from the kiln flue gas. In the carbonator, CaO 

in the calcined raw meal reacts with CO2 in the flue gas from the kiln and CO2 lean flue gas is released 

into the atmosphere. The carbonated raw meal is recycled back to the oxy-calciner along with fresh raw 

meal. The CO2 lean flue gas at 650°C is cooled by extracting energy before letting it off into the 

atmosphere. 
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Figure 6-2: Schematic of the carbonate looping process integrated into the kiln. 
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description of the main unit processes and the solution for this model was achieved in the following 

sequence: the kiln, the carbonator and the oxy-calciner due to the recirculation stream from the 

carbonator to the oxy-calciner. 

Kiln 

The first mass balance for the kiln was performed where 90% calcined raw meal was the input with a 

stream flow equivalent to the production capacity. For the initial run, the fuel into the kiln was similar 

to the reference case where the temperature of the kiln was set to 1400°C. The complete combustion of 

fuel in 10% excess air was assumed. The flue gas composition and the flow rate were estimated based 

on inlet stream flow rates to the kiln. The flue gas stream from the kiln was directed to the carbonator 

for CO2 capture by CaO in the calcined raw meal. 

Carbonator 

The carbonator is an isothermal reactor operated at 650°C, where the carbonation and sulfation 

reactions take place according to equations 6-6 and 6-7. In the carbonator, the CO2 capture efficiency 

of the system is defined as 90%, which was estimated from the performance of the carbonator in 

Chapter 5. Complete capture of SO2 occurred due to the high calcium to sulfur ratio, as observed in the 

experimental results in Chapter 5. The performance of the carbonator was mainly dependent on the 

inlet Ca/C ratio, as presented in Chapter 5 (Figure 5-10), where the CO2 capture efficiency of the 

carbonator increased with an increasing inlet Ca/C ratio, but the conversion of CaO peaked with an 

increasing inlet Ca/C ratio and subsequently dropped to a lower value. Figure 6-3 summarizes the 

performance of the carbonator using raw meal as the sorbent, estimated from the experimental data. In 

this figure, the normalized conversion of the CaO in the raw meal as a function of the inlet Ca/C ratio 
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was derived from the CFB experiments, whereas the performance of the carbonator was estimated 

according to equation 6-14, where max,  0.15raw mealX   from the TGA experiments.  

   max max,  expCarb raw mealEcarb Ca C X X X       6-9 

 

Figure 6-3: Influence of the inlet Ca/C ratio on the performance of the carbonator and the normalized average 

conversion of CaO in the cement raw meal. 

Thus, based on the experimental results (average conversion of the bed as a function of the inlet Ca/C 

ratio) from the CFB reactor and the maximum CO2 capture capacity of cement raw meal from the first 
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efficiency, i.e. 8.5. In the above mentioned procedure, the optimum inlet Ca/C ratio was estimated 

assuming that the maximum CO2 capture capacity was 15% for the particles, but in reality, this 

0

0.2

0.4

0.6

0.8

1

1 3 5 7 9 11 13 15

E
ca

rb

Inlet Ca/C

Ecarb



180 
 

decreases with an increasing number of cycles. However, it was not possible to determine the cycle 

number of individual particles that circulated between the calciner and the carbonator. So, a second 

procedure was used to determine the inlet Ca/C ratio using a mathematical formulation employing a 

“sum of series”, which was also applied by Abanades[19]. The optimum flow rate of the calcined raw 

meal into the carbonator was estimated as it is dependent on the flow rate of CO2 into the carbonator 

and the CO2 capture capacity of the raw meal, which decreases with an increasing number of looping 

cycles. The cycle experimental results for the cement raw meal (presented in Chapter 3) can be 

formulated using the following equation 6-10:  

1

1
1

N r

r

X X

kN
X

 
 

         

6-10 

The two parameters were estimated using the correlation equation 6-10 and the TGA experimental data 

from chapter 3 (pg. 79) as: 0.055rX   and 8.7k  . 

The CO2 capture capacity of the raw meal in the carbonator is a function of the flow rate of fresh 

limestone in stream S1 (
3 3,11o CaCO CaCOF S x M ) and that of calcined limestone in the re-circulated 

stream S3 into the carbonator ( ,33r CaO CaOF S x M ). These two stream flow rates determine the 

fraction of material recycled in the Nth cycle according to the following equation[19]: 
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where Nr  is the fraction of calcined limestone experiencing the Nth cycle. The average CO2 capture 

capacity in the carbonator is a function of the CO2 capture capacity in the Nth cycle ( NX ) and the 

fraction of material recycled for the Nth time, according to following equation: 

 

1
ave N N

N

X X r




 
      

6-12 

The average conversion of calcined limestone in the carbonator was estimated using an iterative 

procedure programmed in Matlab. The inputs for this procedure to determine the average conversion of 

the carbonator were the molar flow rate of CO2 (
2COF ), the molar flow rate of calcined limestone in the 

purged raw meal ( oF ), the residual CO2 capture capacity of CaO in the cement raw meal ( rX ), the 

decay constant (k ), the CO2 capture efficiency ( Ecarb ) and the looping cycle number (N), which can 

be a large number according to the infinite sum series. However, the fraction of raw meal cycling more 

than 10 times is insignificant according to the results presented in Figure 6-5. The initial average 

conversion of the carbonator was guessed to estimate the molar flow rate of calcined limestone into the 

carbonator ( rF ), thereby re-evaluating the average conversion according to equations 6-10 to 6-12. If 

the difference between the average conversion and the guessed value is less 0.001, then the estimated

rF  is considered to be the optimum value. Otherwise, a new guessed value is used and the process is 

repeated until the convergence criteria are met. The flow sheet in Figure 6-4 illustrates the calculation 

procedure. 
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Figure 6-4: Flow sheet for the optimum flow rate of recycled calcined limestone in the integrated process. 
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Figure 6-5: Estimation of average conversion of calcined raw meal in the carbonator with 90% capture efficiency. 

Using the above procedure, the optimum value for ( rF ) is estimated for the CO2 flow rate (2.8e-3 kg-

mol/kg cl) from the kiln into the carbonator. Based on this procedure, the estimated inlet Ca/C ratio is 9. 

Thus, the two different procedures used for estimating the inlet Ca/C ratio and the average conversion 

of CaO in the carbonator match for the desired carbonator performance, which serves as a cross-

verification of the results. The optimum value for rF  is the inlet stream flow rate to the carbonator and 

with a defined capture efficiency, the composition and flow rate of the exit solid stream and gas can be 

estimated.  
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required for the calcination of limestone and for heating the inlet stream to 950°C was estimated and 

the required energy was supplied by the combustion of fuel using pure O2. The complete combustion of 

fuel was carried out in 10% excess O2. Subsequently, the calcined raw meal stream from the oxy-

calciner was split into two streams to match the stream flow rate to the kiln and the carbonator.  

In the next step, the inlet into the kiln and carbonator were replaced with the outlet stream from the 

calciner using a controller to vary the flow rate of fresh raw meal and recalculating the mass balance 

for the oxy-calciner, kiln and carbonator. The converged process model was verified to check the 

energy balance for the kiln, the carbonator and the oxy-calciner. The fuel input for the kiln and oxy-

calciner were verified such that the reactor duty was close to the reference model. After a fuel input 

change, the conversion of the calcined limestone in the raw meal in the carbonator was checked, and if 

necessary, the stream flow rate was optimized. The process had to be repeated after any changes to the 

process simulation conditions. 

6.5.1 Mass Balance 

The integrated system shown in Figure 6-6 is based on the necessity to extract high quality thermal 

energy for captive power generation. Table 6-8 summarizes the flow rates of the main streams in the 

integrated system on the basis of 1 kg cl produced. Considering the mass balance of raw materials and 

the final product of the system, 1.5 kg of fresh raw meal was required for 1 kg of clinker produced, 

similar to the reference case. The composition of raw meal was similar to the reference case, whereas 

the final clinker composition showed a small deviation in the fraction of calcium sulfate. The high 

sulfate content (SO3 w/w% is 2.4) was due to the capture of SO2 generated from fuel combustion, 

which was relatively high compared to the reference system (1.4 wt.% ). In the oxy-calciner, along with 

1.5 kg/kg cl of fresh raw meal, 2.56 kg/kg cl of partially re-carbonated raw meal entered the calciner. In 
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the calciner, 90% of CaCO3 was calcined and 100% of SO2 generated (0.0165 kg/kg cl) from the fuel 

combustion was captured by the calcined limestone. 

Table 6-8: Flow rate and composition of main streams from the integrated process system model for 1 kg of 
clinker. 

 Components 

 [molar fraction] 

Fresh 
raw 
meal 

Final 
product 
clinker 

Carbonated raw 
meal from 
carbonator 

Fresh and 
carbonated raw 

meal to oxy-
calciner 

Calcined raw meal 
to carbonator 

Calcined raw 
meal to kiln 

CaCO3 0.69 0.00 0.09 0.28 0.03 0.03 

CaO 0.00 0.67 0.57 0.40 0.65 0.65 

SiO2 0.24 0.24 0.24 0.24 0.24 0.24 

Al2O3 0.04 0.04 0.04 0.44 0.04 0.04 

Fe2O3 0.02 0.02 0.02 0.02 0.02 0.02 

CaSO4 0.00 0.02 0.02 0.02 0.02 0.02 

Total[kg-mol/kg cl] 0.016 0.016 0.04 0.05 0.04 0.02 

Total [kg /kg cl] 1.50 1.00 2.55 4.06 2.43 1.04 

The combustion of 0.15 kg fuel/kg cl was carried out utilizing 0.43 kg of O2/kg cl, resulting in 1.15 

kg/kg cl flue gas, which included CO2 released from the calcination of the limestone. The flow rate of 

the calcined raw meal stream from the oxy-calciner was 3.45 kg/kg cl, which was split into two 

streams: 1) 1.04 kg/kg cl for clinker production and 2) 2.43 kg/kg cl into the carbonator to capture CO2 

in the flue gas from the kiln. In the kiln, 1 kg cl was produced by complete calcination CaCO3 in the 

raw meal; 1.05 kg/kg cl and 0.46 kg/kg cl flue gas was released containing 26 w/w% CO2. The flue gas 

was generated from the complete combustion of fuel and the calcination of remaining un-calcined 

limestone in the raw meal. The flue gas from the kiln entered the carbonator and 90% of the CO2 and 

100% of the SO2 in the flue gas was captured. The flue gas from the carbonator (0.35 kg/kg cl) was 
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released, containing 2 vol.% CO2. The overall mass balance of the integrated system is summarized in 

Figure 6-6, and the flow rates of flue gas from the oxy-calciner, the carbonator and the kiln are 

presented in Table 6-9. 

Table 6-9: Flue gas composition from the integrated model system for 1 kg of clinker. 

 Components Carbonator Calciner Kiln 

     O2 0.19 0.04 0.02 

     N2 0.90 0.00 0.75 

     CO2 0.02 0.85 0.19 

     SO2 0.00 0.00 0.00 

     H2O 0.05 0.10 0.04 

     NO 0.00 0.01 0.00 

Total [kg mol/kg cl] 0.01 0.03 0.02 

Total [kg /kg cl] 0.35 1.15 0.46 

 

6.5.2 Energy Balance 

The detailed energy balance of the overall system is summarized in Table 6-10. The total enthalpy 

input to system was estimated to be 6.5 MJ/kg cl. Of this, 5.6 MJ/kg cl was from the fuel, while around 

0.6 MJ/kg cl was from the exothermic carbonation and sulfation reactions. The enthalpy output from 

the system was estimated to be 6.5 MJ/kg. Of this, around 2.5 MJ/kg cl was consumed for the 

endothermic calcination reaction. However, 2.7 MJ/kg cl (from the WHRS) was available as high 

quality energy for electricity production, along with 0.8 MJ/kg cl as low quality energy similar to the 

energy available in a normal cement plant. 
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Figure 6-6: Integrated process model of carbonate looping into pyro-process system for producing 1 kg of clinker. 
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Table 6-10: Enthalpy balance for the integrated system for 1 kg clinker. 
Input Total mass rate Temperature Total Cp Total specific enthalpy
  kg/kg cl °C kJ/kg°C kJ/kg cl 
Oxygen to oxy-calciner 0.43 25 0.9 10 

Fuel to pre-calciner 0.155 25 1.3 5 

Fresh raw meal 1.5 25 0.79 30 

Air to kiln 0.4 25 1.01 10 

Fuel to kiln 0.031 25 1.3 1 

Additional air 1.1 25 1.01 28 

Energy input - - - 5541 

Energy from carbonation - - - 452 

Energy from sulfation - - - 163 

Energy from clinker formation - - - 318 

Total input       6557 

Output Total mass rate Temperature Total Cp Total specific enthalpy
  kg/kg cl °C kJ/kg°C kJ/kg cl 
Clinker 1 100 0.88 88 

Flue gas from calciner2 1.15 300 1.09 376 

Flue gas from Carbonator1 0.35 300 1 105 

Additional air from cooler3 1.1 300 1 330 

Energy for calcination  - - - 2403 

Energy loss - - - 469  

Energy for calcination in kiln - - - 80 

Energy from WHRS1 - - - 130 

Energy from WHRS2 - - - 920 

Energy from WHRS3 - - - 690 

Energy form carbonator  - - - 1000 

Total output       6591 
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Based on the mass flow stream from the process simulation of the integrated system, the flow rates of 

the streams are different from a normal cement plant. So, for CO2 capture from the cement production 

process, applying the carbonate looping process requires significant changes. The major modification 

will be in the pre-heater section of the normal cement plant as it needs to be modified with the main 

objective of extracting energy from the hot kiln gas using fresh raw meal, thereby reducing the 

temperature of the flue gas to one suitable for pumping into the carbonator. Furthermore, the new pre-

heater section might provide an opportunity to reduce the construction cost by using a more compact 

heater, as the flow rate of the gas is reduced by one quarter compared to the normal reference plant. For 

the calcination of raw meal and for CO2 capture from the flue gas, a dual fluidized bed reactor is 

suitable with operating solid to gas (S/G) ratios (presented in Figure 6-6) at the lower end of large scale 

CFB reactors[136]. In these reactors, the carbonator can be operated in the fast fluidization regime and 

the calciner can be operated in the bubbling regime. Operating the calciner as the bubbling fluidized 

bed reactor will eliminate the high gas flow rate as a fluidizing gas, meaning that only O2 can be used. 

However, in the oxy-fuel technology, the CO2 recirculation flow rate is essential for controlling the 

temperature, but this might not be a problem in the carbonate looping process integrated into a cement 

plant due to the recirculation of raw meal. The energy required for the endothermic calcination reaction 

and for heating the raw meal to 950°C eliminates the requirement for CO2 recirculation to control the 

temperature. The raw meal particle size range falls within the Geldart A or C[161] classification, which 

are difficult fluidize, but this challenge can be overcome by using inert particles to improve the bed 

fluidization properties, as demonstrated in the experiments (in Chapter 5) on 90-250 µm limestone 

particles using larger quartz sand particles.  
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Along with these units, the other new components are the interconnecting piping between the units, an 

air separation unit, a CO2 processing unit and a waste heat recovery system to recover energy from 

different locations. 

6.6 Comparison of Normal Cement Production and the Integrated Process 

A major challenge of the integrated system is the electricity consumption of: 1) cryogenic oxygen 

generation (ASU), 2) CO2 compression and purification (CPU), and 3) material (sorbent) recirculation. 

On the other hand, the integrated system has the potential to be self-sufficient in terms of electricity. 

Notice that the following analysis is simplified for the sake of comparison. 

The power required for O2 separation from air depends very much on scale and purity requirements. 

Since the production capacity of the ASU will be lower compared to a large power plant, a correlation 

was found to estimate the electricity for  97% O2 purity from data presented by Palfreyman et al.[162] as: 

2
62.81ln( ) 728.91OEl x        6-13 

where x  is the O2 capacity (tons/day) and 
2OEl the electricity consumption (kWhe/ton).  

The electricity consumption of the CPU depends among other on the purity of CO2 in the flue gas, 

which in turn depends on the O2 purity and the amount of false air entering the process. For CO2 

concentrations in the range 72-93%, an electricity consumption of 120-95 kWhe/ton CO2, respectively, 

has been reported.[163] In practice it is not possible to avoid air ingress, which on cement plants 

typically amounts to 8 vol-% of the exhaust gas. This results in a higher thermal energy demand, but, 

on the other hand, more energy is available for electricity production. With 97% O2 purity and 8% air 

ingress, the flue gas CO2 concentration reduces to 88 % (dry basis). In this case the CO2 capture 

efficiency of CPU is about 95%[164] (the remaining 5% being lost with the vent gas stream) and the 

specific power requirement about 100 kWhe/ton CO2 (compression to 15 MPa).[163,165] 
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The energy required for circulating the raw meal between the calciner and the carbonator was estimated 

from the energy consumed by material and gas transport in the standard cement pyro-process. This 

constitutes about 10% of the total electric energy consumed in the pyro-process.[166] Assuming the 

energy required for material transport proportional to flow rate, the energy demand for material 

transport in the integrated plant increases by a factor of 4/1.5=2.6 compared to the standard case. The 

sensitivity of this parameter is analyzed in the later section. 

The self-sufficiency in terms of power requirement depends on the conversion efficiency of available 

thermal energy into electricity. This again depends on scale, e.g. the efficiency is only 20% on the scale 

of several MW, but increases to 45% on the several hundreds of MW scale.[167] A correlation was used 

to estimate the conversion efficiency based on the data provided by Spliethoff[167]: 

 _0.0434 ln 0.15p th elQ        6-14 

where p  is the efficiency and _ [ ]th elQ MW  the thermal energy available for electricity generation.  

Based on the above assumptions the additional electricity requirement of the integrated system, 

including ASU, CPU and material transport, can be calculated as function of plant capacity.  

Figure 6-7 summarizes the results that clearly demonstrate the effects of scale. The electricity demand 

and production capacity seem to be balanced at scales from about 3400 ton per day. If the conversion 

efficiency was lower compared the estimated value using the equation 9 by 10 and 20%, then the 

electricity demand and production capacity appears to be balanced at scale from about 5900 and 11000 

ton per day, respectively. 
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Figure 6-7: Net electricity production or demand versus clinker capacity of the integrated system for three 

different electricity generation efficiencies. 

The overall thermal performance (η) of the two systems can be evaluated by: 

R

th

Q

Q
  ,

       
6-15 

where RQ is the energy consumed by reactions and thQ the thermal energy supplied for 1 kg of clinker 

production. Table 6-11 summarizes the performance data of both systems. The CO2 emission from the 

integrated plant includes 0.06 kg CO2/kg cl from the CPU (vent gas). The additional energy demand for 

the integrated plant for CO2 capture is 2.0 MJ/kg CO2 captured. This value is however very dependent 

on the energy conversion efficiency. 
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Table 6-11: Comparison of the thermal efficiency of a standard and integrated system (basis: 1 kg of clinker), 

production capacity 3400 ton per day (energy conversion efficiency 0.36 for electricity production). 

   Qth Qr η CO2 Emissions Capture Energy 

  MJ/kg cl MJ/kg cl - kg/kg cl MJ/kg CO2  

Reference system 3.9 2.0 0.51 0.9 - 

Integrated system 5.6 2.4 0.42 0.07 2.0 

 

6.7 Sensitivity Analysis 

A sensitivity analysis was performed for a plant with a capacity of 3400 tons of clinker/day by varying 

the parameters to investigate the respective effects on the electricity power surplus or deficiency. A 

summary of the parameter sensitivity analysis is presented in Figure 6-8. Each parameter was varied by 

± 50% to evaluate its effect on the electricity generation or consumption. The most sensitive parameter 

is the efficiency in converting thermal energy into electricity and the least sensitive parameter is the 

power for particle recirculation in the looping process. The sensitivity analysis of the power for 

operating the ASU and the CPU was similar. The electricity conversion efficiency was varied from 

0.18 to 0.54, with the rest of the parameters held constant. The integrated plant was barely self-

sufficient in this scenario with a base efficiency of 0.36. The assumed electricity demand for ASU was 

276 kWhe/ton of O2; this value is higher than the value present in the literature, which is only 200 

kWhe/ton of O2, in which case the integrated plant has room for lower conversion efficiency. Similarly, 

the electrical power for CO2 compression was assumed to be 100 kWhe/ton of CO2 for the base case. 

This value was varied from 150 to 50 kWhe/ton of CO2. The integrated plant might need more power 

with a positive deviation in the power for compression. If the scale of the plant increases from 3100 
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tons of clinker/day to 12000 tons of clinker/day, then the room for lower efficiency increases from 0 to 

-23% compared to the base case. The relative room for power self-sufficiency increases even with a 

positive deviation in the parameters with an increase in the scale of the plant. 

 

Figure 6-8: Sensitivity analysis of the integrated process for the assumed parameters by varying in the range of 

+/- 50% from the selected base case. 

The results show that the carbonate looping process has the potential to reduce CO2 emissions by more 

than 90% compared to a normal cement plant. Comparing the total energy demand for a normal cement 

plant with the carbonate looping integrated plant, this increases from 3.9 MJ/kg cl to 5.6 MJ/kg cl, 

which is 30% more energy required; these values include the thermal energy required for electricity 

generation. Thus, the carbonate looping process reduces CO2 emissions from cement production with a 
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energy penalty of 2 MJ/kg CO2, which is lower than wet post-combustion processes. Furthermore, this 

process is more efficient in a large scale plant than in low-capacity plants. 

6.8 Conclusions 

Based on the comparison of the reference cement pyro-process system and the integrated system, the 

following conclusions can be drawn: 

 Integrating the carbonate looping process in to cement plant only reduces CO2 emissions but 

also provides surplus energy for cogeneration to meets electricity demand of the whole 

process.  

 The specific energy required for 1 kg of clinker increases from 3.9 MJ to 5.6 MJ, including 

thermal energy for electricity utilization. 

 The scale of cement plant is critical for implementing the carbonate looping process with 

minimum capacity being in above 3400 tons of clinker per day. 

 The efficiency of the WHRS is the most sensitive parameter affecting the self-sufficiency of 

the integrated system. 

 The energy penalty for CO2 capture is 2 MJ/kg CO2. 

 A comparison with the full oxy-fuel and partial oxy-fuel shows that each technology has its 

own drawbacks and advantages. Full oxy-fuel technology has high CO2 capture efficiency but 

it has challenges in terms of additional electricity demand and sealing the entire system to 

avoid air exposure. Partial oxy-fuel technology can capture only part of the total CO2 

emissions along with higher electricity demand, but the implementation of this technology is 

relatively easy compared to the other options. The new alternative i.e. the carbonate looping 
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process provides an improvement over partial oxy-fuel technology in terms of CO2 capture 

efficiency and over full oxy-fuel technology with no change in kiln operation along with 

avoiding CO2 recirculation for temperature control due to large recirculation of raw meal. 

Moreover, the surplus energy spent can be recovered for cogenerating the necessary power.
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7. General Conclusions and suggestions for future work 

7.1 Conclusions 

The main objective of this thesis was to provide scientifically-based knowledge regarding the carbonate 

looping process for reducing CO2 emissions in the cement industry. In order to achieve the objective 

studies were carried out at different scales to understand the CO2 reduction process systematically. The 

three scales are: 1) at particle scale, 2) at reactor scale and 3) at process scale. The particle scale 

investigations were carried out to understand the fundamentals in the carbonate looping process using 

cement raw meal as sorbent. The results from the particle scale formed the basis for investigating cyclic 

and continuous carbonation in a fluidized bed reactor for obtaining results applicable for scale up 

studies. The experimental results from the particle scale and the reactor scale were used in the process 

modeling and simulation to investigate the carbonate looping process for integrating into cement pyro-

process. 

Based on the systematic investigations, the main conclusions are summarized as follows: 

 Raw meal can be used as the sorbent even though there are interactions between the lime and 

other components, especially under realistic calcination conditions. SEM, XRD and BET 

analyses indicated that sintering is the main reason for the observed decrease in the CO2 capture 

capacity. A correlation was established between the surface area of the calcined mixture and the 

CO2 capture capacity of the limestone in the mixture under realistic conditions. The XRD 

results show that the CaO crystallite size was not only influenced by the calcination conditions 

but, also by the components of the cement raw meal. The decay in the CO2 capture capacity of 

the limestone in the raw meal was due to sintering, resulting in a change in particle morphology 
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and a larger CaO crystal size. The CO2 capture capacity as a function of cycle number can be 

described by a two-parameter correlation, which was used for process simulation studies. 

 In the fluidized bed reactor, different parameters were investigated such as the behavior of bed 

conversion compared to the TGA apparatus, the behavior of cement raw meal as the sorbent and 

the attrition of limestone particles. The rate of attrition for the Faxe Bryozo limestone was not 

severe under the current investigated experimental conditions. The loss of bed material due 

entrainment of fines was 2 wt% after the first calcination and diminished to close 0 wt.% after 

the ninth calcination cycle; the attrition rate constant was estimated to be 2.3e-5 [1/s] after 6 

hours of batch operation. The conversion of calcined limestone in the TGA apparatus and in the 

fluidized bed reactor was investigated. The main difference between these two systems was the 

CO2 concentration profile during the carbonation reaction. After considering the CO2 

concentration in the reaction zone, the reaction rate constant estimated from these two systems 

was in the rage of 2-3.5 [m3/kmol.s] during the initial fast reaction regime, which decreased 

with an increase in conversion due to the change in reaction regime. The difference in the CO2 

capture capacity of the simulated raw meal and the Faxe Bryozo limestone was not significant 

in the fluidized bed reactor, since the calcination conditions during the cycle experiments were 

mild, similar to the experimental results from the TGA apparatus. 

 In the carbonate looping process, the performance of the carbonator, which was operated as a 

circulating fluidized bed reactor, is very important. Experiments in the circulating fluidized bed 

reactor were performed to investigate the important parameters that control the performance of 

the carbonator. Experiments were performed under a controlled particle recirculation rate to 

evaluate the influence of the carbonator temperature, the CO2 concentration, the particle 
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recirculation rate and the inlet Ca/C ratio. The results show that the most sensitive parameter on 

the performance of carbonator is the inlet Ca/C ratio. In the experiment, more than 80% of the 

inlet CO2 was captured by highly deactivated limestone, which had a maximum CO2 capture 

capacity of 11.5%, with an inlet Ca/C ratio of 13. So, the performance of the carbonator can be 

defined by the inlet Ca/C ratio, which can be estimated if the maximum capture capacity of 

limestone is known using the normalized bed conversion obtained from experiments as a 

function of the inlet Ca/C ratio. 

 Finally based on the main experimental results, i.e. the CO2 capture capacity of raw meal as a 

function of raw meal and the main parameters influencing the performance of the carbonator, a 

process model integrating the carbonate looping process with the cement pyro-process was 

simulated. The process simulation results indicate that the specific thermal energy, including 

electricity utilization, for producing 1 kg of clinker increased from 3.9 MJ in a normal cement 

plant to 5.6 MJ/kg cl in the integrated process system. Comparing the CO2 emission, for 1 kg cl 

this was 0.9 kg in a normal cement plant, whereas in the integrated plant it was only 0.07 kg. 

The energy penalty for CO2 capture by carbonate looping is 2 MJ/kg CO2. The main outcome of 

the carbonate looping process is the potential to generate electricity sufficient to meet the needs 

of the cement plant, including the CO2 capture units. This self-sufficiency in power demand 

increases with the size of the cement plant employing co-generation, with the lower limit being 

at least 3400 tons of clinker per day. 
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7.2 Future work 

In the current study, the focus was mainly on a few fundamental points, as described above. However, 

more studies need to be carried out as listed below: 

 Raw meal can be used as the sorbent for CO2 capture, but its CO2 capture capacity is much 

lower compared to limestone. One of the reasons for this is sintering, but the effect of different 

components present with the limestone has a unique effect and the exact mechanism for this 

behavior is still not clear. Further work on this could reveal the reason for this observation and 

provide the possibility to improve the CO2 capture capacity of raw meal. 

 The CO2 capture capacity of raw meal was tested under ideal conditions, which has to be 

subject to realistic flue gas, which has three reactive components (CO2, SO2 and H2O) with CaO 

and also the effect of ash components. As was observed, the each inorganic raw meal 

component has a unique effect on the CO2 capture capacity. 

 An engineering solution is needed to handle large flow streams between an oxy-calciner, a 

carbonator and a kiln with separate gas streams consisting of CO2 lean and rich gases. 

 Since the efficiency of energy recovery in the carbonator is critical for the carbonate looping 

process. A new system for extracting energy is needed to develop where the main challenge will 

to avoid coating of raw meal on the heat exchangers which might reduce the heat transfer 

efficiency. 

 The main focus in this thesis was on CO2 capture, but as oxy-fuel calcination is the first step in 

the carbonate looping process, a detailed investigation into the calcination process has be 

carried out to determine the optimum operating conditions in the calciner 1) so that the 
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maximum CO2 capture capacity of limestone can be improved and 2) to ensure stable operation 

of the calciner as a fluidized bed reactor under oxy-fuel conditions by investigating the effect of 

reactor operating conditions on the fluidization of cement raw meal. 
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 Abstract 

Cement industry is one of the largest emitter of CO2 other than power generation plants, which includes the emissions from 
combustion of fuel and also from calcination of limestone for clinker production. In order to reduce CO2 emissions from the 
cement industry an effective an economically feasible technology is to be developed. The carbonate looping process is a 
promising technology, which is particularly suitable for the cement industry as limestone could be used for capture and 
release of CO2. Integration of carbonate looping process into cement pyro-process has two advantages: 1) to capture 
emitted CO2 and 2) to generate power for internal use, because high quality energy can be recovered from carbonate 
looping which is operated at high temperature unlike amine process. A simple carbonate looping process model was 
developed based on average conversion of calcined limestone defined by Abanades et al. The model is used to investigate 
the influence of average conversion of limestone in the carbonator on the flow rates of different streams in the looping 
process and energy required in the calciner for re-activation. The model developed is used for studying the carbonate 
looping process integrated into cement pyro-process. The energy required for regeneration in the calciner increases with 
increase in average conversion of calcined limestone and energy that can be extracted from carbonator decreases with 
increasing average conversion. Further the influence of type of limestone on the calciner capacity is also investigated. The 
results from this simple model show the importance of cement industry to the carbon capture technology for its application 
to power plants.  

Originality 

A major step towards sustainable production of cement is to capture carbon emitted from the process. Presently there is no 

technology applied on large scale for carbon capture. The carbonate looping process has the potential to be applied at 

industrial scale and it is especially suitable for the cement industry. So as a first step a simple model was developed to 

investigate the influence of the average conversion of calcined limestone in the carbonator on all flow streams in the 

looping process integrated to a cement plant. 

Chief contributions 

The model estimates the energy to be extracted from the carbonator for e.g. electricity generation by carbonate looping 

integrated with the cement process. The carbonation energy increases with decreasing average conversion of the calcined 

limestone, whereas the energy required for calcination (regeneration) decreases with decreasing average conversion. The 

model provides an useful tool for optimization of the carbonate looping process applied to cement industry.  

Keywords: CO2 capture, carbonate looping, type of limestone, cement plant 
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1. Introduction 

According to IPCC carbon capture from large stationary sources is considered as the mid-term mitigation option 

for climate change (Metz et al., 2005). The major sources of CO2 emitters are power plants and the other major 

industry is the cement plant, which involves CO2 emissions both from combustion, calcination process and 

indirect emissions by consumption of electricity. One of the most promising technologies for carbon capture 

applicable to any process is the Carbonate looping process, which is being investigated and developed 

aggressively by different research groups across the world. Carbonate looping process involves calcination and 

re-carbonation of sorbent material i.e. limestone, which is abundantly available and distributed across the globe. 

The main reaction of this process is calcination and carbonation of limestone, which is governed by equilibrium 

expression defined in (Baker, 1962). By controlling the equilibrium conditions (Temperature and Pressure) in two 

inter connected reactors, carbonation and calcination reactions are carried out for continuous capture of CO2 

from flue gas and release of captured CO2 in CO2 atmosphere, by looping the sorbent material (Shimizu et al., 

1999). The energy required for calcination can be supplied by oxy-fuel combustion or alternative energy sources 

(Abanades et al., 2005) and high quality energy can be recovered from the carbon capture reaction in the 

carbonator. However, before realizing the potential of this process, there are still many challenges to the process 

like: reactivity of limestone with increasing number of cycles, large circulation of sorbent particles between two 

inter connected reactors continuously, energy required for regeneration of sorbent material, influence of 

composition of limestone etc.  Different research groups are focusing on these areas to overcome these 

challenges.  

One of the critical parameter which controls the whole process is the average conversion of calcined limestone in 

the carbonator. A simple model is developed to evaluate the influence of this parameter on: 1) the flow rates of 

streams in and out of the looping process 2) the flow rates of recycle streams, 3) energy required for regeneration 

of limestone in the calciner and 4) the energy that can be extracted. Based on this model a case study is 

performed on de-carbonization of a cement plant.   
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2. Modeling of carbonate looping process 

A simple carbonate looping process model is developed to investigate the influence of the average conversion of 

limestone on the calciner capacity and other flow streams in and out of the looping process. This model is 

applicable for any process releasing CO2 in the flue gas.  

 

Figure 9: Schematic representation of Carbonate Looping Process 

Carbonate looping process is schematically represented in the figure 1. In the process one of the important 

factors which influence the whole process is the reactivity of the recycled calcined limestone stream. The general 

characteristic of the calcined limestone is to lose its capacity to re-carbonate with increasing number of looping 

cycles mainly due to sintering effects (Wang and Anthony, 2005). The degree of conversion of calcined limestone 

to re-carbonate with respect to cycle numbers is given by the equation defined by Abanades and Alvarez, 2003.  

(1 )N
N m m wX f f f             (1) 

where XN is the degree of conversion, N is the cycle number and fm and fw are the characteristics constants of the 

type of limestone which influence the conversion based on structural properties of limestone. 

fg,in 

fg,carb  
fg,cal  

fo,in 

fo2 fFuel 
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Carbonator Calciner 
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The best solution to this problem of losing reactivity of limestone is to select a limestone which has high residual 

reactivity. The other alternative is to purge a stream of limestone from the recycle stream and replace it with 

fresh limestone. The influence of the addition of fresh limestone on the average conversion of calcined limestone 

is given by eq.4 (Abanades et al. 2005): 

(1 )

(1 )
m w O

ave w
O R m

f f F
X f

F F f


 

            (2)
 

where Xave is the average conversion of calcined limestone in the recycle stream FR and FO is the molar flow rate 

of purge stream and the fresh limestone respectively. Continuous addition of fresh limestone results in 

maintaining high reactivity in the carbonator and a high conversion of limestone. However, this requires more 

energy input to the calciner.  

2.1 Assumptions for the process model 
The amount of energy required for 1 kg of clinker production is around 2930 kJ, most of this energy is used for 

calcination of limestone (Larsen, 2007). Approximately 40% of the thermal energy consumed for clinker 

production is from combustion of fuel in the rotary kiln. CO2 emission from the calcination process can be 

eliminated by introducing the oxy-fuel calciner. Further, a small purge stream form the oxy-fuel calciner can be 

fed into the carbonator for capturing the rest of CO2 emitted from the rotary kiln. Thus cement production 

process can be completely free from the CO2 emissions. The table 1 below summarizes the data related to the 

cement plant. 
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Table 1: Cement Plant Specific Data 

Property Value Units 

Energy  2,93 MW/ kg cl 

Electricity 0,111 kWh/ kg cl 

Limestone 1,2 kg/kg cl 

Fuel into rotary kiln 0,05 kg/kg cl 

Flue gas from rotary kiln 0,48 kg/kg cl 

cl: clinker 

It is assumed that the fuel is coal and the flow rate of the flue gas (fg,in) is considered as constant. The 

composition of fuel used is as follows C = 66 %, H = 3 %, S = 1 %, O = 8 %, H2O = 8 % and the rest is ash. The 

flow rate of CO2 (fg,in.XCO2) was estimated from the combustion of coal in the rotary kiln at excess air ratio of 1.1. 

The temperature of the flue gas in (Tfg,in) and out (Tfg,carb) of the system is fixed to 110 oC. The temperature of the 

inlet flue gas is considered as 110 oC so that this model can be applied to any process releasing flue gas to 

atmosphere at 110 oC. The temperature of fresh streams (Tin) is considered to be at 25 oC. The temperature of 

carbonator is 650 oC and the temperature of calciner is 950 oC. All the other parameters of the model like flow 

rate of recycle stream (fr,), flow rate of fresh stream (fo), flow rate of fuel ( fFuel), and flow rate of oxygen ( fO2) 

are estimated based on the average degree of conversion of calcined limestone in the recycle stream. 

The characteristic values of limestone used by Abanades group, fw is 0.17 and fm is 0.77 are considered in the 

model (Abanades and Alvarez, 2003). The average conversion (Xave) of calcined limestone was selected in the 

range of 0.2-0.7 for maximum capture of CO2 from the flue gas. Considering the minimum and maximum degree 

of re-carbonation based to the characteristic values of type of limestone ‘fw’ and ‘fm’. The flow rate of the recycle 

stream for capturing CO2 to its thermodynamic limit is estimated by equation (Abanades et al., 2005): 
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carbE is fixed to equilibrium capture which is 94% at 650 oC (Baker, 1962), _CaO clX  is the molar fraction of 

limestone in the raw meal, fr is the flow rate of recycle stream in kg/kg clinker. In raw meal 70 % of the mixture 

is limestone (Larsen, 2007) and the rest includes SiO2, Al2O3 and Fe2O3, which are represented by Xi_cl and Mi is 

molecular weight of component i. 

The flow rate of fresh raw meal into the oxy-fuel calciner or the purge stream for clinker production is given by 

equation: 

 (1 ) ( ) / ( (1 ) ( )O R m ave w m w ave wF F f X f f f X f                 (5) 

_o O i cl i
i

f F X M            (6) 

here fo is the flow rate of stream in kg/kg clinker. 

The flow rates of all the streams are estimated based on CO2 emitted per kg of clinker produced. Based on these 

assumptions the influence of the average conversion (Xave) of limestone on the calciner capacity and flow rates of 

all the streams in and out of the carbonate looping process are estimated along with energy capacities. The 

specific heat capacities of the gases and the solids are taken from Yaws, Carl L., (2009). 
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3. Results  

3.1 Influence of average conversion of calcined limestone on the streams coming in and out of carbonator.  

Figure 2 and figure 3 shows the influence of average degree of re-carbonation on the streams of carbonator. 

Increasing the degree of re-carbonation (Xave) decreases the flow rate of recycle stream (fr) as the amount of 

calcined limestone required to capture CO2 decreases with increase in average degree of re-carbonation of 

calcined limestone. The inlet and outlet gas streams are constant based on the assumption that the flue gas comes 

from combustion of fossil fuel in the rotary kiln and that maximum CO2 is captured (see fig. 2). Since the flow 

rate of flue gas (fg,in) is constant the amount of energy (+Q,Fg,in) required to heat the flue gas to the carbonation 

temperature is also constant. The energy required to heat the flue gas from 110 oC to the carbonation temperature 

650 oC can be supplied by the calcined recycled stream (fr) coming into the carbonator form the calciner at 950 

oC. The energy (-QFR) carried by the calcined stream decreases with increasing average conversion as the flow 

rate of stream decreases. The cross over for the energy required for heating flue gas by the solid stream from the 

calciner to the carbonator is around conversion of 0.5, which means that additional energy has to be supplied for 

heating the flue gas to carbonation temperature as the average conversion of the limestone increases above this 

value. Further the energy that can be extracted from the carbonator will also decrease with increasing average 

conversion of limestone (see fig. 3). However if the inlet flue gas temperature is 650 oC instead of 110 oC 

additional energy can be extracted from the carbonator, which could be possible because the flue gas in the 

rotary kiln is very high. 
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3.2 Influence of average conversion of calcined limestone on the streams of the calciner 

Figure 4 shows the relationship of average conversion of calcined limestone in the carbonator on the flow rate of 

fresh limestone stream (fo,in), the purge stream for clinker production (fo,out), flow rate of recycle stream (fr) and 

the flow rate of oxygen (fo2) which is dependent on the fuel consumption in the calciner.  
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Figure 2: Flow rate of the streams in Figure 3: Energy content of the streams 

Figure 4: Flow rate of the streams in and out Figure 5: Energy capacity of the calciner and 
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The recycle stream from carbonator includes both the carbonated limestone and inactive calcined limestone. So 

as the average conversion in the carbonator increases the fraction of inactive calcined limestone decreases. This 

can be observed with flow rate of fresh limestone (fo,in) into the calciner which influences the active fraction 

(Xave) in the recycle stream. However, with the increasing average conversion of calcined limestone in the 

carbonator the amount of oxygen (fo2) required for the calcination of limestone in the calciner increases. The 

main energy consumer in the calciner (+Qcal) is the calcination reaction which is proportional to amount of 

carbonate. The amount of re-carbonated limestone is constant as the flow rate of CO2 into the carbonator is 

constant. So the energy required for the calcination reaction is controlled by the flow rate of the fresh limestone 

stream. The other sources for energy consumers are the heating of different streams like fresh limestone stream 

(Fo) from room temperature to calciner temperature, recycled stream (fr) from the carbonator temperature to 

calcination temperature, heating of oxygen and fuel from room temperature to calcination temperature. Thus, 

with increase in average conversion of calcined limestone the flow rate of fresh limestone increases which not 

only increases energy demand for calcination reaction but also increases energy demand for heating up the fresh 

stream (fo,in) (see fig.5). This will increase the flow rate of fuel and oxygen into calciner increasing overall 

energy capacity of calciner. 

3.3 Influence of different types of limestone 

The influence of different types of limestone was simulated to estimate the energy required in the calciner. The 

type of limestone was determined by the values of ‘fw’ and ‘fm’ found by Andersen F.M, (2009) for different 

limestone compositions. These values were found from fitting curves of the degree of re-carbonation obtained in 

looping cycles performed in normal Thermo gravimetric Analyzer. 
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Table 2: Characteristic Values for Different Types of Limestone 

Limestone Type fm fw

Faxe Bryozo 0.71 0.36 

Obajama 0.64 0.22 

Russian 0.55 0.5 

Hole 0.7 0.25 

Aggersund 0.6 0.48 

Abanades et al. 0.77 0.17 

The figure 6 below shows the energy capacity of the calciner with respect to average conversion of calcined 

limestone in the carbonator for different types of limestone. It can be observed that calciner required low energy 

at low average conversion for all the limestone mainly due to reduction in heating fresh limestone in the calciner. 

The type of limestone with the highest value for ‘fw’ has the lowest energy requirement in the calciner with 

respect to average conversion in the carbonator because it reduces the flow rate of re-circulating particles 

required for carbon capture.  
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Figure 6: Influence of different types of limestone on the energy required in the calciner for reactivation for different 

average conversion of calcined limestone in the carbonator. 

4. Conclusions and Future work 

The influence of average conversion of limestone in the carbonator on the calciner capacity and energy that can 

be extracted in the carbonator can be observed based on this model. The amount of energy that can be extracted 

from the carbonator integrated to cement pyro-process for capturing CO2 form rotary kiln is around 600 MJ/ton 

of clinker produced at the highest conversion (see figure 3). The global average electricity consumption is 111 

kWh per ton of cement (Evelien and Wouter, 2010). Thus, integrating high pressure steam cycle into the 

carbonator, electricity can be produced for internal consumption, which might help in reducing overall expenses 

for carbon capture from cement plants. 
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Applying the carbonate looping process to a power plant where the flow rate of CO2 is much higher than flow 

rate from rotary kiln it can be seen from this model that capacity of the calciner will be as big as the power plant 

at low average conversion. So the carbonate looping process is another oxy-fuel power plant with a potential to 

reduce the overall all emission form the existing power plants. The capacity of calciner increases with increasing 

average conversion in the carbonator under the assumed conditions. Further, most of the energy spent in 

calcination of fresh limestone for high conversion in re-carbonator cannot be recovered unless it is converted to 

value added product like cement. So synergy with cement plant is necessary for power plants applying carbonate 

looping process unless a sorbent with high residual re-carbonation capacity is used for looping. 

In a cement plant maintaining high average conversion of limestone in the carbonator is not a problem owing to 

huge consumption of limestone in the clinker formation. The flow rate of limestone per kg of clinker produced is 

1.2 kg. So the flow rate of the recycle stream is much less than the flow rate of the fresh stream which enables 

high activity in the recycle stream for carbon capture. However for applying the carbonate looping process to 

cement industry there are still many unknown factors like: oxy-fuel calcination of limestone, influence of inters 

from the limestone and fuel composition, influence of sulphur dioxide on re-carbonation, the size of particles in 

the cement production process is below 90 µm but most of the carbonate looping studies conducted until now 

used limestone particles much larger than 90 µm. In order to understand the influence of these factors on the 

looping process a circulating fluidized bed reactor setup has been built at DTU pilot facilities for conducting 

through studies as a PhD study with close co-operation with FLSmidth A/S. 
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ABSTRACT  

The carbonate looping process is a promising technology for CO2 capture from flue gas. In this process 

the CO2 capture efficiency depends on the performance of a carbonator that may be operated as a 

Circulating Fluidized Bed (CFB). In this paper, the carbonator performance is investigated by applying 

a new experimental method with accurate control of the particle re-circulation rate. The experimental 

results show that inlet Ca to C molar ratio is the main factor on the CO2 capture efficiency by the 

carbonator, i.e. increasing the inlet Ca/C from 4 to 13 results in increasing the CO2 capture efficiency 

from 40 to 85% with limestone having a maximum CO2 capture capacity of only 11.5%. Furthermore, 

a reactor model for carbonator is developed based on the Kunii-Levenspiel’s model. A key parameter 

in the model is the particle distribution along the height of the reactor, which is estimated from 

experiments under stable operating conditions with constant bed inventory, reactor temperature and 

exit CO2 concentration. The validated CFB carbonator model was used to simulate different operating 

conditions relevant for CO2 capture from a power plant and for a cement plant. The results show that a 

particle re-circulation rate of 2-5 kg/m2s is sufficient for attaining 90% CO2 capture efficiency but it 

depends on the inlet Ca to C ratio. 
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ABSTRACT  

A process model of mass and energy flows was developed to analyze the integration of the carbonate 

looping process (CLP) with a cement plant using cement raw meal as sorbent for CO2 capture. The 

performance of the carbonator was estimated using own experimental data for the CO2 capture capacity 

of cement raw meal. It was found that a cement plant with CLP and waste heat recovery can be self-

sufficient in terms of electricity at production capacities above 3400 tons clinker per day and the 

estimated energy penalty for CO2 capture is 2 MJ/kg of CO2 captured. 

KEYWORDS: CO2 Capture, Carbonate Looping, Cement plant, Co-generation 
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