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Abstract 

In many industrial process, electrostatic charges are inevitable. and affect the hydrodynamic behavior and heat 

transfer ability of chemical equipment. A comprehensive study of the electrostatic effect on bubble behavior, 

particle fluctuation velocity and heat transfer coefficient in the fluidized bed with a central jet has been 

evaluated in this paper by Eulerian-Eulerian two fluid model coupled with electrostatic model and energy 

model. The simulated voidage profiles at different positions, bubble detachment time and initial bubble 

diameter are compared with experiment results from the literature. The bubble behaviors including bubble 

frequency and bubble numbers, combined with particle fluctuation parameters are analyzed in both charged 

and uncharged system. Electrostatic effect on two kinds of heat transfer coefficients are quantitatively 

compared, namely bubble to emulsion phase heat transfers based on the gas throughflow velocity and gas 

solid local heat transfer. Simulation results show that electrostatic charges decrease bubble numbers and 



 

 

granular temperature, whereas the averaged heat transfer coefficients are enhanced. Overall, the electrostatic 

effect on the hydrodynamic and heat transfer characteristics can be revealed. 
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1. Introduction  

Gas-solid fluidized beds are capable of handling huge particle volumes and thus possess exceptionally 

high heat transfer and mixing efficiency finding a wide range of applications including petroleum processing, 

environmental protection, food processing and pharmaceutical production to mention a few. Gas-solid 

suspensions exhibit randomness and structural instability due to the existence of bubble agitation, particle 

motion and gas-solid interaction resulting in a typical nonlinear transient system. From the literature reviewed, 

time-averaged parameters of voidage, pressure fluctuation, bubble parameters are mostly reported in the study 

of fluidized beds(Jung et al., 2006; Patil et al., 2005; van der Schaaf et al., 2002). In addition, these parameters 

can also reveal the dynamic behavior, flow structure and heat and mass transfer abilities(Acosta-Iborra et al., 

2011; Patil et al., 2014; Zi et al., 2017).  

However, electrostatic phenomenon is inevitable. in many industrial fluidization processes, such as 

ethylene polymerization, due to particle-particle and particle-wall collision and friction. The excessive 

accumulation of charges on the surface of the insulating particles will result in wall sheeting, particle 

agglomeration, or even shutdown of the plant (Sun and Yan, 2017). Moreover, electrostatic and hydrodynamic 

effects are interdependent. Charged particles influence bubble size and particle velocity, and ultimately 

performance of the equipment in relation to heat and mass transfer ability. Conversely changes in 

hydrodynamic properties i.e. bubble size, particle velocity and phase fraction distribution, etc., also affect the 

electrostatic potential distribution of the fluidized bed. Using induction probes, Chen et al. (2006) detected the 



 

 

charge distribution around a rising single bubble. By comparing the predicted values from simulations and 

values from three theoretical models, they found that the charge density inside the bubble was zero and the 

particles were predominantly negatively charged in the bubble wake in comparison to the emulsion phase. 

Rokkam et al. (2010) introduced the electrostatic models in the CFD simulation for the first time, in which 

they studied entrainment of fine powder and charged particles. They pointed out that when the catalyst was 

negatively charged, the amount of entrainment decreased, which was in accordance with the experimental 

results. Hassani et al. (2013) investigated the effect of the electrostatic forces on bubble and particle motions, 

and inferred that when the particles were unipolar charged, the bubble size and the axial diffusion coefficient 

of the particles decreased. Applying CFD to study the effect of electrostatic charges on hydrodynamics, 

thereby predicting the heat transfer, mass transfer and fluctuation characteristics will be useful for the 

regulation of fluidized bed.  

The bubble shape in a three-dimensional fluidized bed is difficult to characterized and pressure signal 

analysis is mostly applied as an intermediate way to capture the bubble size, which includes the standard 

deviation and incoherent analysis of pressure fluctuations. Two-dimensional fluidized bed, because of its 

simple structure, easy observation, is widely used in both experiment and numerical simulations. Bouillard et 

al. (1991) compared the experimental and simulation results for a fast bubble and calculated the pressure 

profile around it based on Davidson model (1963). Nieuwland et al. (1996a) then used a combination of 

experiments and simulations to predict bubble growth and detachment time. Different researchers have studied 

the effects of bubble on heat transfer (Lungu et al., 2015), electrostatics (Sun and Yan, 2016), modified 

computational model (Chang et al., 2016) and even scale-up effect (Knowlton et al., 2005). However, for the 

fluidized bed with continuous gas jet, experimental and simulation have mainly focused on phase distribution, 



 

 

bubble parameters and pressure signal analysis. Studies of electrostatic effect on interphase heat transfer, local 

heat transfer, particle fluctuation and chaotic character of pressure signal are, as yet, rather scarce. 

In this work, the gas phase fraction distribution and its fluctuation at different positions with various 

specific charges are studied. Simulation results are compared with the experimental data from the literature to 

validate the model (Kuipers et al., 1992; Nieuwland et al., 1996b). Distribution of bubble diameter along the 

bed height and the total number of bubbles with and without charges are calculated. The effect of electrostatic 

charges on the gas exchange rate, which is an important parameter used to calculate interphase heat transfer 

coefficient of bubbling fluidized bed as an extension of the theory from single bubble to bubbling regime is 

studied. Moreover, other than interphase heat transfer coefficient, the local heat transfer coefficient and 

particle fluctuation parameters are analyzed. Although the electrostatic effect on the time-averaged parameters 

and the spatial distribution of those parameters is significant, further time series analysis is required because 

the bed-averaged parameters may be indistinguishable due to the well mixing performance of fluidized bed. 

Therefore, the power spectral density, energy spectrum and chaotic analysis of the pressure signal are 

illuminated in this paper.  

2. Equations of the model 

The simulations of hydrodynamics at different scales, such as macroscopic scale and mesoscale scale and 

are mainly focused on two fluid model and discrete particle model. In the Eulerian-Eulerian approach also 

known as two-fluid model, each phase is considered to be completely interpenetrating with other phases with 

its own set of conservation and constitutive equations. Since the solid phase does not have a state equation in 

the continuum medium assumption of the two-fluid model (TFM), a series of closure equations are needed to 

describe the momentum exchange inside the particle phase, such as the radial distribution function, kinetic 

viscosity, bulk viscosity and frictional viscosity etc., which are important components of the kinetic theory of 



 

 

granular flow (KTGF). Eulerian-Lagrangian, discrete particle model, is another commonly used method for 

simulating the hydrodynamic characteristics like particle motion in the fluidized bed. Although the discrete 

particle model can reflect the effect of particles and particles, due to its large CPU time, it’s not suitable. for 

large size reactor. Hernández-Jiménez et al. developed a novel model and treated both the gas and the dense 

phase of the bed as continuum phases, whereas tracer particles were simulated as discrete entities namely  

fully coupled TFM-DEM simulations (Hernández-Jiménez et al., 2015). Researches have shown that the two-

fluid model is in good agreement with experimental results in simulating bubble generation and motion, 

particle fluctuation characteristics, and particle agglomeration in dilute fluidized beds (Kumar et al., 2013; 

Sun et al., 2011; Zi et al., 2017). Some researchers have also compared the TFM and DPM models results for 

Geldart B particles (Chen and Wang, 2014; Chiesa et al., 2005). The results are in good agreement with the 

experimental data, therefore, two-fluid model is applied.  

TFM 

The continuity equation for the single particle dispersion system is given in Eq. (1), where k = g for the 

gas phase and k = s for the solid phase: 

                                                              (1) 

The momentum conservation equation for gas and solid phases is: 
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The interaction between the gas and solid phases is modeled using the parameterized Syamlal-O’Brien 

drag force model based on the experimental minimum fluidization velocity and the critical voidage. The 

momentum exchange coefficients are listed in Tab. 1 and other constitutive equations are provided in Tab. 2. 

Tab.1 Momentum exchange correlations  
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The phase stress-strain tensor   in momentum conservation equation:  

                                             (6) 

                                               (7) 

Where Ps is the solid pressure and is calculated using the model proposed by Lun et al. (Lun et al., 1984).  

Tab.2 Closure equations in Euler-Euler CFD simulation  
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In this paper, the local heat transfer coefficient is calculated using the heat transfer model applied by Patil 

et al. (2003) as shown in Tab. 3, where  is the effective thermal conductivity and is compiled in Fluent using 

UDF. Two groups of calculation correlations are used to obtain the relationship between Nusselt number and 

Reynolds number. In many simulations, such as DEM and DNS, the theory of Gunn et al. (1978) modeled 

well for predicting the heat transfer coefficient in a fluidized bed with a porosity of 0.35-1 and the solid phase 

Reynolds for turbulent regime (Lungu et al., 2015). 

Tab. 3 Thermal equations 
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In recent years, many researchers have proposed different electrostatic models in fluidized bed 

(Jalalinejad et al., 2012; Kolehmainen et al., 2016, 2017; Rokkam et al., 2010). The electrostatic static model 
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proposed by Rokkam et al. can be applied to characterize the bubbles motion, particle entrainment and 

electrostatic potential distribution of the multi-particle dispersion system, which is consistent with experiment 

work reported by Wang et al. (2008). They measured the axial and radial distributions of the electrostatic 

potential in the polyethylene fluidized bed using an electrostatic impact probe, and obtained the electrostatic 

potential distribution of the entire fluidized bed, which proved that the lower part of the PE fluidized bed was 

mainly negatively charged. 

The governing equations for the simulation are based on the Maxwell equations and the Faraday's law, 

as shown in Tab. 3. The relative permittivity of the gas phase (air) and the solid phase (glass beads) are 1 and 

7.6 respectively. The relative permittivity of the gas solid mixture can be obtained by curve fitting according 

to 
1/3
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(Rokkam et al., 2010). Steps for embedding a user defined scalar into a Fluent are 

described in detail the work of Rokkam et al, hence, here will not be discussed. 

Tab. 3 Electrostatic model  
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Boundary conditions 



 

 

In this paper, the experiment configuration of the fluidized bed with a central orifice in the work of 

Kuipers et al. is used in the two-dimensional simulation (1992). Previous studies have shown potential and 

accuracy for the two dimensional simulation for both pseudo 2D and 3D simulation by considering proper 

wall friction models (Lungu et al., 2016; Sun and Yan, 2016). Thus, for simplify, two dimensional simulations 

are applied. The geometrical parameters and physical properties of the simulation system are shown in the 

Tab. 4. The fluidized bed is meshed with a structured grid, using a horizontal grid size of 0.0075 m and a 

vertical grid size of 0.01 m. The velocity, momentum and UDS are solved by the second order upwind scheme. 

The volume fraction is solved by the Quick scheme. Phase Coupled SIMPLE is adopted for the pressure-

velocity coupling. The time step is 0.0001 s. 

The gas phase boundary condition is non-slip, and the particle phase is the partial slip condition proposed 

by Johnson and Jackson (2006), where the spectacular coefficient is 0.5 and particle wall restitution coefficient.  

Tab. 4 Structural scheme and physical parameter 

Physical parameters Values Physical parameters Values 

Bed width (m) 

Bed height (m) 

0.57  

1  

Gas phase density (kg m-3) 

Gas phase viscosity (Pa s) 

1.2 

1.85×10-5 

Jet orifice width (m) 0.015 Solid phase density (kg m-3) 2550 

Initial bed level (m) 0.5 Solid diameter (μm) 500 

Jet velocity (m s-1) 10 Voidage at Minimum fluidization 0.402 

Specific Charge (μC kg-1) -0.4, -0.8 Minimum fluidization velocity (m s-1) 0.25 

Operating temperature (K) 288.16 Operating pressure (Pa) 1.013×105 



 

 

3. Results and discussion 

3.1 Bubble dynamics 

3.1.1 Voidage profile 

Gas phase fraction or voidage affects the interaction between gas and solid phase in the fluidized bed and 

its distribution can also reflect the various hydrodynamic characteristics, such as particle motion, bubble 

generation, coalescence and local transfer. Fig. 1 shows the comparison of the experiment results by Kuipers 

et al. (1992) and predicted voidage profiles along the bed height at different positions from the central axis. 

The experiment was carried out in a two dimensional fluidized bed with a central jet and the experiment 

condition was the same as the simulation set-up in Tab. 4. The time-averaged voidage in the simulation 

averaged over 30 s and the experiment computed for a time span of 60 s are in good agreement. When the 

electrostatic charge is not taken into account, the voidage is large at 0.375 cm from the central axis due to the 

bubble formation in vicinity of jet region, as depicted in Fig1 (a). During the bubble rising period, there are 

already solid particles falling into the inside the bubble, thus, the voidage decreases with the bed height. 

Moreover, the bubble will drift away from center line to a certain extent due to the anisotropic nature of 

hydrodynamics within fluidized bed.   

At the distance of 9.375 cm from the center, Fig.1 (b), voidage increases with the bed height because 

particles are squeezed from the center line during bubble formation and rising. Moreover, bubble volume 

expansion and dispersion within the fluidized bed will also influence the voidage profile here. Fig1. (c) 

illustrates voidage distribution near the wall, it can be seen that in the region below 0.14 m, the voidage is 

close to the minimum voidage, which shows that particles motion and mixing are weak and a dead zone exists.  

When the particles are charged, it can be seen from Fig. (a), when qm = -0.8 μC/kg, the voidage below 

y=0.31 m significantly decreases. Here, due to the impact of high-speed jet air, bubble interaction in the 



 

 

vertical direction is strong, and solids in the particle vortex are more likely to entrain and accumulate, so the 

solid phase concentrate near the central axis increases. As can be seen from Fig.1 (b), the voidage increases at 

9.375 cm from the central axis after the particles are charged compared to the uncharged condition. The 

particles in this region where strong bubble interaction happens, move towards the wall, and the repulsive 

force between the same charge particles in the transition region increases the voidage. Fig.1 (c) shows that 

with the same charge, dead zone near the wall increases. From the force analysis around the bubble boundary 

by , the electrostatic forces acting on the left and right sides of the bubbles are directed toward the wall, which 

tends to gather the particles on the wall, resulting in a decrease of the voidage (Jalalinejad et al., 2012). 

 

Fig.1 Averaged voidage profile from (a) 0.375 cm (b) 9.375 cm (c) 23.5 cm of the central axis line along 

the bed height 



 

 

3.1.2 Bubble frequency  

The hydrodynamics in the fluidized bed is are connected to the bubble behaviors. The bubble dispersion, 

bubble diameter and velocity affect the heat transfer and mass transfer in the reactor. The prediction of the 

initial bubble diameter and bubble frequency at the orifice plays an important role in the study of the 

subsequent hydrodynamic behavior. Bubble frequency reflects the number of bubbles appearing in a bed 

during a certain time period, that is b = /b sf N t , and is closely related to the gas and particles motion. Fig. 2 

shows the porosity fluctuation at 3.13 cm above the orifice, and a peak larger than 0.85 represents the generated 

bubble. Fig.2 (a) shows the voidage fluctuation when the particles are not charged. The bubble frequency is 

5.6 Hz, which agrees well with the experimental result of 6 Hz in Fig. 2 (d). The bubble frequency of the 2D 

structure can be predicted according to the Davidson-Schüler model (Kuipers et al., 1991): 

1/32
0 0 0

2

16
b

C u df
g

   
=    

    
                                                                (8) 

When C0 is taken as 1, bubble frequency is 5.01 Hz. Fig.2 (b) and Fig.2 (c) represent the voidage 

fluctuation at the same position where the particle specific charge is -0.4 μC/kg and -0.8 μC/kg respectively, 

corresponding to the bubble frequency of 5.26 Hz and 3.85 Hz respectively. As shown in Fig. 2 (b), when qm=-

0.4 μC/kg, the peak shape becomes sharper, the platform of more than 0.85 becomes wider and the peaks less 

than 0.85 increase. When qm=-0.8 μC/kg, the bubble frequency is obviously reduced indicating that the 

generated bubbles are more easily detached from the orifice with a low gas fraction and will cause the initial 

bubble diameter to decrease. 



 

 

 

Fig.2 The voidage varies with time at 3.13 cm from orifice on the central axis where (d) is the 

experiment result of Kuipers (1992) et al. 

3.1.3 Bubble diameter  

In this section, the effect of electrostatic charges on the bubble growth, breakup and coalescence of the 

bubbles in the bed, as well as the effect of the charge on the bubble diameter distribution and the bubble size 

are studied in detail. It is important to emphasize that during the experiment, the fluidization velocity, the 

fluidization time both affect the charge to mass ratio of the particles (Chalermsinsuwan et al., 2014; Yang, 

2003). Without changing the fluidization conditions, the charge of the particles in the bed is difficult to control, 

and the experimental research on the effect of electrostatic on hydrodynamics is difficult. In the simulation, 



 

 

different charges were loaded into the fluidized bed with the same jet velocity by UDF, and the influence of 

the charge-to-mass ratio on the bubble behavior was studied.  

Fig.3 shows the bubble contours with different charge-to-mass ratio at the same time (20.35 s-20.26 s) 

under the same jet velocity. From Fig. 3 (a) - (d), when the particles are not charged, the bubbles are elongated 

in shape when they are generated from the distribution plate, and the averaged bubble diameter of the first 

bubbles detached from the orifice is 0.123 m. Since the porosity of the injection area increases and the bubbles 

are more easily separated from the distribution plate after a period of fluidization, the averaged diameter of 

the first bubbles detached from the orifice within 30 s of this paper is less than 0.17 m of the single bubble 

experiment of Kuipers et al (1991). But the initial bubble diameter of this paper is 0.175 m, which is in good 

agreement with the experiment result. The upward movement of the bubble, due to the subsequent air flow 

and the strong interaction between the bubbles, is depressed at the bottom and the aspect ratio increases. When 

the bubbles reach the surface of the bed, they are flattened, where the bubble coalescence and breakage are 

strong. Near the left side of the wall, y = 0.2-0.25 m, the bubble velocity is very small, and the coalescence 

and breakage basically do not occur. Fig. 3 (e) - (h) illustrate the bubble contours with charge-to-mass ratio of 

-0.4 μC / kg. It can be seen from the Fig.3 that the generated bubbles are more elongated. And the averaged 

diameter of the first bubbles detached from the orifice is 0.108 m. The size of the bubbles near the wall at y = 

0.17-0.5 m becomes smaller and the bubbles become more dispersed. Moreover, the voidage in the vicinity of 

the bed level surface is increased, and the bubbles are more easily broken. When the charge-to-mass ratio is -

0.8 μC / kg, it can be seen from Fig. 3 (i) - (l) that the particle phase fraction in the generated bubbles is 

obviously increased. Hassani et al. simulated the bubbling fluidized bed with the same positive charged 

particles by DEM and the simulation results also showed that the boundary of the bubble became very blurred 

with the increase of the positive charges (Hassani et al., 2013). The bubble is stretched in the axial direction, 



 

 

but the average initial bubble diameter is only 0.089 m according to the definition of the bubble boundary. As 

can be seen from Fig. 2 (c), larger specific charge increases the particle fraction near the wall, and the number 

of bubbles near the wall are reduced. When the bubble moves to the top of the bed level, it can be seen that 

the elongation of the bubbles becomes more pronounced. 

 



 

 

Fig. 3 Bubble contour snapshot with charge-to-mass ratio of qm= 0, -0.4, -0.8 μC/kg at the same time (20.35 s-

20.26 s) under the jet velocity of 10 m/s 

Fig. 4 depicts the mean equivalent bubble diameter varies with height in 15-25 s under different specific charges. 

Jalalinejad et al. (2012) simulated the bubbling fluidized bed with a charge-to-mass ratio of -0.36 μC / kg and particle 

density of 2500 kg / m3. Their results indicated that, at 1.5 Umf and 2.5 Umf, the bubble with charge was smaller than the 

bubble diameter without charge, and the introduction of electrostatic charges caused the bubble diameter at 2.5 Umf to 

be slightly higher than the bubble diameter without charges at the proximity of the bed level. At the same time, under 

this simulated condition, the number of bubbles decreased by 33% and 0.25%, respectively. It can be seen from Fig. 3 

and Fig. 4 that when the specific charge is -0.4 μC / kg, the average bubble diameter is smaller than that in the uncharged 

system in the range of y <0.2 m, 0.29 m <y <0.5 m and y> 0.57 m.  

When the specific charge increases to -0.8 μC / kg, the initial bubble diameter in the region below y = 0.14 m is 

still smaller than the bubble diameter without charges, but at 0.14 m <y <0.6 m, The average bubble diameter and the 

growth rate of the bubble are larger than those of the bubbles in uncharged system, which may be due to the electrostatic 

effect on the bubble elongation, and the bubble elongation will increase gas through flow (Gera and Gautam, 1994; 

Yusuf et al., 2012). On the other hand, when the particles are not charged or charge is small, it can be seen from the 

above Fig. that there are still some small bubbles near the wall, which results in slightly smaller average diameter in the 

middle of the bed. In the vicinity of the bed level of 0.55 m, the bubble diameters in the three charged conditions are 

larger than that of the bubbles when no charge is added. However, when the height is more than 0.6 m, the bubble 

diameters are smaller than that without charges. 

However, the effect of electrostatics on the bubble diameter in the gas-solid fluidized bed is complicated. Yao et al. 

adjusted the air humidity to control the charge dissipation rate in the gas-solid fluidized bed and obtained the standard 

deviation of pressure at different charge-to-mass ratios(Yao et al., 2002). The experimental results showed that the 



 

 

standard deviation decreased with the air humidity, that is, the size of the bubble decreased with the decreasing charge-

to-mass ratio. Comparing the simulation results in the present work, it can be seen that between -0.4 μC / kg and -0.8 

μC / kg, electrostatic charges can significantly change the bubble characteristics and hydrodynamic characteristics. 

While the qm= -0.4 μC / kg and below, the influence of the specific charges on the hydrodynamics is not obvious.  

 

Fig.4 Average bubble diameters along with the bed height within 10 s 

To explain the electrostatic effect on the average bubble diameters, Fig. 5 shows the number of bubble diameters 

for different specific charges. Compared to the simulation results of Jalalinejad et al. (2012), which showed that the 

number of bubbles was reduced by 33% and 0.25% respectively at 1.5 Umf and 2.5 Umf . The number of bubbles without 

charges in 10 seconds is 1013, and when the specific charge is -0.4μC / kg and -0.8 μC / kg, the number decreases by 

3.6% and 23% respectively in the current study. Dong et al. also measured the dynamic bed level of the PP fluidized 

bed by experiment. It was found that the fluctuation of bed level was significantly increased when the particles were not 

charged, and the average porosity of the bed was increased by 6% compared with the saturated charged particles, 

indicating that electrostatic effect made the bubble volume fraction reduce(Dong et al., 2015a). This phenomenon is in 

accordance with the external electric field on bubbles, which would make diameters of a single bubble and bubble 



 

 

diameters in fluidized bed decrease and the number of bubbles reduce (Kleijn van Willigen et al., 2005; Sun et al., 2015). 

It can be seen from Fig.5, when the particles are charged, the probability of emergence of large-size bubbles increases.  

 

Fig. 5 Bubble size distribution of different charges 

3.2 Particle fluctuation characteristics 

3.2.1 Particle velocity  

As described above, the increase in specific charge causes the bubble phase fraction to decrease and the number of 

bubbles to decrease. Because the coalescence, rising and breakage of the bubbles in the fluidized bed are the driving 

force for particle movement, thus changes in the bubble behavior caused by electrostatic charges will inevitably lead to 

changes in the movement of particles. This section therefore examines the effects of electrostatics on bubble motion and 

fluidized particle motion.  

Fig.6 shows the variation of particle velocities in the time period 15 - 25 s at different heights in the fluidized bed 

with different specific charges. Fig.6 (a) and 6 (b) display the particle velocities in the x-direction and the y-direction at 

x = 0.1 m, y = 0.1, Fig. 6 (c) and 6 (d) are the particle velocities in the x-direction and the y-direction at x = 0.1 m, y = 

0.5 and dashed lines indicate the average values under each simulated condition. From Fig. 6 (a), the mean particle 



 

 

velocity at the bottom of the bed in the x direction is 0.636 m / s when the particles are not charged. When the charge-

to-mass ratio increases from -0.4 μC / kg to -0.8 μC / kg, the average particle velocity is 0.629 m / s and 0.243 m / s 

respectively, and the particle fluctuation strength decreases obviously as in Fig. 6(a). In the bottom of the bed, when the 

particles are not charged, the average particle velocities in the y-direction are -0.528 m / s, -0.481 m / s and -0.249 m / 

s, respectively as in Fig. 6(b) with qm=0, -0.4, -0.8 μC / kg. With the increase of the specific charges, the number of 

bubbles in the lower part of the bed near the wall decreases, and the turbulence of the particles decreases. It can be seen 

that the electrostatic charge is not conducive to the particles mixing at the bottom of the bed and near the wall, thus 

particles are also prone to accumulation. 

From Fig. 6 (c) and 6 (d), it can be seen that at the position closed to the bed level (x = 0.1 m, y = 0.5 m), the 

average velocity in the x direction increases, and the mean particle velocities with qm=0, -0.4 and -0.8 μC / kg in the x 

direction are -0.547 m / s, -0.581 m / s and -0.822 m / s, respectively, indicating that the particles are more likely to 

move toward the wall and enrich. As in Fig. 6 (d), the particles velocity fluctuates between -1.5 and 2 m / s, and the 

particle movement is more complicated. The mean particle velocities in the y direction are 0.263 m / s, 0.309 m / s and 

-0.1 m / s respectively, with qm=0, -0.4 and -0.8 μC / kg. 



 

 

 

Fig. 6 Particle fluctuation velocity (a) in x-direction at x=0.1 m, y=0.1 m (b) in y-direction at x=0.1 m, y=0.1 m 

(c) in x-direction at x=0.1 m, y=0.5 m (d) in y-direction at x=0.1 m, y=0.5 m where the dashed lines are average 

with different specific charge. 

When the specific charge is small, the hydrodynamics and particle circulation characteristics within the bed do not 

change significantly. But when the specific charge is large, the average particle velocity changes obviously, which 

includes the change of the average velocity in the direction of the y-direction at the bed level. It can be deduced that 

when the particles are negatively charged, the particles are more likely to move downwards and decrease the elutriation. 

This phenomenon can be explained that the experiment presented by Dong et al. (Dong et al., 2015b) and studied the 

electrostatic effect on the collision energy distribution in the axial direction for PP particles at different operating air 

velocities. The results also showed that particle fluctuation and collision energy were significantly weakened, in the 

charged system,  



 

 

3.2.2 Granular temperature  

The granular temperature represents the collision and random motion intensity at the particle scale, and is related 

to the normal stress, which is an important parameter to characterize the particle movement. Moreover, granular 

temperature is a steady state parameter determined by the cohesive force and inertial force applied by the local gas 

environment and the granular environment on the particles, characterizing the hydrodynamic characteristics of the 

multiphase flow field (Cody et al., 1996). In 2D simulation, the granular temperature is defined as follows: 

laminar
1 2
3 y y x xC C C C  = +
                                                             (9) 

Where the particle normal stress is calculated by the instantaneous fluctuation velocity in the axial and 

radial directions, i.e. the difference between the instantaneous velocity and hydrodynamic velocity: 
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Fig. 7 shows the variation of average laminar granular temperature along radial direction. It can be seen 

from Fig. 7 that when the particles are not charged, the granular temperature is greatly increased at the jet 

region (y = 0.025 m) due to the strong particle motion and collision caused by the high velocity jet flow. 

However, as the bubbles begin to generate, the particles are squeezed to both sides of the nozzle, the turbulence 

of the particles decreases and the granular temperature decreases. When the bubble is detached from the orifice, 

the particle volume fraction decreases, resulting in the increasing space of particle movement and the increase 

of granular temperature. 

Under the influence flow structure such as particle vortex, eddy and particle agglomerate, the particle 

temperature begins to decrease, and then the bubble begins to break up, resulting in the increase of the average 

free path of the particles and the increase of the granular temperature near y = 0.515 m. When the qm = -0.4 



 

 

μC / kg, the peak value reduces and the changes are not obvious below y=0.4 m. When qm = -0.8 μC / kg, the 

average granular temperature further decreases, indicating that the electrostatic effect limits the fluctuation 

ability of single particle. 

 

Fig. 7 Comparison of average laminar granular temperature along the axial direction 

3.3 Gas interchange  

In the previous section, the phase holdup and particle fluctuation parameters have been calculated to reflect the 

bubble characteristics and particle motion in the fluidized bed, and these parameters will also affect the gas exchange 

from bubble phase to emulsion phase. The amount of gas exchange between the emulsion phase and the bubble phase 

not only affects the bubble diameter distribution in the fluidized bed, but also affects the chemical reaction and heat 

transfer. The heat transfer model proposed by Davidson and Harrison (Davidson and Harrison, 1963) consists of two 

parts, the flow heat transfer and convective heat transfer: 
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Where Vbe denotes the gas volume flowrate from bubble to bubble cloud, which in Davidson model, defines as 

be,DH 2DH mfV =q L u DL= , where L is the thickness of the fluidized bed and q is the gas interchange. Thus, for a 

cylindrical bubble, the heat transfer coefficient containing conduction term and convection term is: 
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For the heat transfer of single bubbles, the simulation results are in good agreement with the experimental values 

and the calculated values of the Davidson model(Patil et al., 2014). However, there are strong interactions between the 

bubbles in the bubbling bed with central jet, and the factors such as particle vorticity and electrostatic effect will change 

the througflow coefficient, affecting the heat transfer within the fluidized bed. Hernández (Hernandez-Jimenez et al., 

2013) calculated the gas exchange coefficient and the cross-flow ratio in the bubbling fluidized bed using the corrected 

velocity, where U / Umf had a maximum of 2.75, where Uth is the throughflow velocity: 

*
mf thU = U U+                                                                     (14) 

According to the theory of Valenzuela and Glicksman, the gas in the bubbling fluidized bed could be divided into 

three parts: the gas in the dense phase, the gas throughflow and the gas in the bubble, where the throughflow was related 

to the geometry of the bubble (Valenzuela and Glicksman, 1985). Thus, the average superficial gas velocity is the 

composition of dense phase velocity, throughflow velocity and visible bubble flow. The last two components are 

independent of bubble motion and therefore, gas flow in excess of the visible bubble flow in the bubbling fluidized bed 

could be expressed as Equation (15), where the geometric factor M can be solved by Equation (16). 
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The throughflow velocity Uth calculated by without electrostatic charges is 1.40 m / s and the correction speed U* 

is 1.65 m / s. When qm=-0.8 μC/kg, the throughflow velocity Uth is 1.45 m/s and the correction speed U* is 1.70 m / 

s. For clarity, the interchange volumetric gas flow is also calculated to compare the result by Equation (15). 

The gas volume flowrate between the bubble phase and emulsion phase is calculated based on the bubble 

centroid velocity and gas velocity at the bubble boundary, where the area with αg0.85 is defined as the bubble: 

( ) ( )be b g gh bh gv bvq u u dy u u dx
 = − − + −
                                             (17) 

Fig. 8 is a statistical relationship between the gas interchange and bubble diameter according to the definition above, 

through averaging the gas interchange in different diameters range, where the number of bubbles calculated is more than 

100. The slopes of the two fitted lines in Fig.8(a) and Fig(b) are 3.17 and 3.29, respectively. By the definition of gas 

interchange, the corrected form is as follows: 

*
be 2 cal aq U D=                                                                     (18) 

Where *
calU  is the predicted gas flow considering gas to emulsion phase interchange. Thus, *

calU  from the 

slope of fitted lines are 1.59 and 1.64 for qm=0 and -0.8 μC/kg. After the particles were charged, the bubbles were 

stretched in the axial direction, and bubble rise velocity increased slightly. At this time, the throughflow velocity 

increased. Through comparing of the fitted value *
calU  and the theoretical value U*, the relative deviation is 4% and 

3% respectively in the uncharged system and charged system and the interphase heat transfer coefficient in 

these two systems are 1256.46 W / m2K and 1294.39 W / m2K.  



 

 

 

Fig. 8 Gas interchange against bubble diameter by statistic calculation  

Through the calculation of the relationship between gas interchange and bubble diameter, the larger the bubble 

diameter, the greater the gas interchange. However, from Fig. 8, the effects of electrostatics on the bubbles are various 

at different heights. The electrostatic charges effect the diameter of the primarily generated bubbles and the bubbles near 

the bed level. Therefore, the bed geometry, bed level and bubble sizes are all considered to affect the gas interchange. 

Although the throughflow velocity slightly decreases in the uncharged system, the overall averaged diameters in the 

fluidized bed within 10s, due to different breakage and coalescence strength, are not necessarily proportional to the gas 

interchange. In this situation, the overall averaged bubble diameters are 7.8 cm and 8.1 cm, respectively, for qm=0 and 

-0.8 μC/kg. 

3.4 Local heat transfer coefficient  

Heat transfer between the particles and gas in the gas-solid fluidized bed is another important heat transfer 

mechanism. Fig.9 shows the effect of electrostatics on the local heat transfer coefficient, where the ordinate is the mean 

value of the heat transfer coefficient and the abscissa is the radial direction. The jet air flow will cause a strong interaction 

between the gas and solid phases near the orifice, so the solid fraction near the jet hole is minimal. As can be seen from 

Fig. 9 (a), the heat transfer coefficient near the orifice is minimized. The particles move upwards from the center of the 

fluidized bed and circulate down the wall, resulting in an increase in the heat transfer coefficient near the wall. Fig. 9 



 

 

(a) also shows that at a height of 0.135 m, according to Yang and Keairns (Yang and Keairns, 1979) jet depth theory, the 

jet penetration depth is 0.180 m. Hence Fig. 9 (a) is still below the jet penetration depth. Here, the heat transfer coefficient 

increases after adding electrostatic charges, indicating that particles concentration within the bubble increases by 

electrostatic effect. And due to the introduction of electrostatic force, an additional force is needed to balance the 

electrostatic force, so particle concentration increases in the bottom. Fig. 9 (b) illustrates the change in the heat transfer 

coefficient at y = 0.405 m. When x = 0.123 m to 0.453 m, local heat transfer coefficient with qm = -0.8 μC / kg is the 

smallest, however, it increases near the wall. 

 

Fig. 9 Average local heat transfer coefficient along the lateral direction 

As depicted in Fig. 9, local heat transfer coefficient at the bottom and middle of the fluidized bed actually 

reflects the transition of flow pattern. When the specific charge is small, the local heat transfer coefficient at 

the bottom of the bed increases significantly, but changes little in the upper part of the fluidized bed. However, 

as the specific charge increases, the particle motion becomes more disorderly or chaotic, and the asymmetric 

distribution of the local heat transfer coefficient also reflects the anisotropy of the fluid flow. The effect of 

electrostatics on the local heat transfer coefficient is very obvious. For instance, heat transfer coefficient is 

larger close to the wall, and solid fraction here is also high, whereas slow particle velocity may lead to local 

hot spots, resulting in wall sheet. However, the overall average of local heat transfer coefficient is significant, 



 

 

where for qm = -0.4 and -0.8 μC / kg, the averages are 404.19 W / m2K, 432.51 W / m2K and 438.99 W / m2K, 

respectively, , increased by 6.9% and 8.4%, respectively compared to uncharged system. 

4. Conclusion  

In this paper, Eulerian-Eulerian two-fluid model based on KTGF is used to investigate the effect of 

electrostatics on the bubble characteristics, particle fluctuation characteristics and chaotic characteristics in 

the gas-solid fluidized bed containing Geldart B (dp = 500 μm). After the particles are charged, the bubble 

frequency and bubbles number, Reynolds stress and phase space reconstruction and other parameters are 

significantly different from these without charges. According to the numerical simulation results, the following 

conclusions can be drawn: 

When the particles are charged, the solids in the particle vortex are more likely to be entrained and 

enriched, so the solid fraction near the central axis increases. There is a strong bubble interaction region near 

the central axis, and its internal particles move towards the dead zone near the wall. In the transition zone 

between the two regions, the repulsive force between the same charged particles increases the porosity and 

the dead zone near the wall. And bubble diameter is significantly reduced and the bubbles are significantly 

elongated in the axial direction compared to these in the uncharged system.  

The particle fluctuation strength also decreases, specially at the lower part of the fluidized bed reactor. 

With the increase of specific charges, in the lower part of the bed near the wall, bubbles reduce and the particles 

turbulence decline, showing that electrostatic charge is not conducive to of the particles mixing in these regions. 

When particles are not charged, jet region, bubble growth region and free space region are observed in 

the granular temperature profile. Due to the decrease in the particle fluctuation velocity in charged system, 

granular temperature reduces. 



 

 

Finally, the gas interchange and interphase heat transfer coefficient from bubble to emulsion phase are 

calculated based on the corrected throughflow velocity. Local heat transfer coefficient profiles are also 

calculated to estimate the overall heat transfer ability. In the future work, pressure signal collection and Particle 

Image Velocimetry experiment should be carried out. In the industrial production process, there are often 

multi-particle size distribution and charge distribution with the reactor. Thus, these parameters should be taken 

into consideration in the following work 
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List of Symbols 

CD drag coefficient 

D  electric displacement 

Da  equivalent bubble diameter  

E electric field intensity 

fb bubble frequency  

g gravitational acceleration 

h local heat transfer coefficient  

Hbe interphase heat transfer coefficient  

Hs, Hg enthalpy of the solid phase and gas phase 

P induced polarization 

qbe gas interchange  

qm specific charge 

Re Reynolds number 



 

 

Nu Nusselt number 

ubh, ubv horizontal and vertical bubble velocity 

ugh, ugv horizontal and vertical gas velocity 

us, ug velocity of the solid phase and gas phase 

upx,upy particle velocity in x direction and y direction 

Uth throughflow velocity  

U*  corrected velocity  

Vjet jet velocity 

αs, αg volume fraction of the solid phase and gas phase 

βgs momentum exchange coefficient 

ρs, ρg density of fluid of solid phase and gas phase 

e  electric susceptibility   

m  relative permittivity 

  electrostatic potential 

laminar  laminar granular temperature   

  stress tensor of phase k 

nx , ny  lateral Reynold stress and axial Reynold stress 

Θs granular temperature 

kΘs diffusion coefficient for granular energy 

γΘs collisional dissipation of energy 
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