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ABSTRACT

A one-dimensional kinetic model for steam-oxygen gasification of refuse derived fuel in a
bubbling fluidized bed reactor has been developed. The model incorporates the reaction
network of steam-oxygen gasification within the fluid dynamics of a fluidized bed to predict
waste and tars conversion, gas composition and overall gasification performance. The model
was validated by comparing outlet products composition and temperature profile with
experimental data from a pilot-scale fluidized bed gasifier, operated at different conditions.
The model showed accurate predictive capability and ease of computation. The effects of the
operating conditions on gas yield and process efficiency were evaluated and the most
appropriate fuel feeding height, equivalent ratio and the relative amount of steam to inject were

identified.
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1 INTRODUCTION

Finding solutions to the problems associated to municipal solid waste (MSW) disposal,
along with the requirement of reliable and abundant sources of renewable energy are the pillars
of the current environmental agendas of many developing and developed countries. The
combination of renewable energy requirements, decarbonisation and diversion of materials
from landfills have recently led to focus on the use of residual biomass and waste as source of
renewable energy or chemical feedstock [1,2]. This would serve the purpose of meeting the
increased energy demand (via energy or alternative fuels production), as well as that of
avoiding dispersion of problematic contaminants in the environment by favouring the chemical
recycling. One possible way to achieve this is by intensifying the use of advanced
thermochemical technologies (ATT) and, amongst all the available options, gasification
represents the most promising in terms of waste reduction and energy efficiency, as well as
versatility of operating conditions and large number of possible applications [3-5]. The
feedstock for ATT consists of residues from mechanical treatment of MSW, upon removal of
recyclable materials, shredding and, when required, enhanced drying. The residual material is
known as refuse derived fuel (RDF), which has a significant energy content (approximately 20
MJ/kg) and great potential for energy recovery and landfill diversion [6,7]. The greatest
technical challenge to overcome for the successful growth of commercial RDF gasification
technologies is that of achieving a quality of syngas that is good enough to sustain a stable and

long-term operation of high-efficiency energy devices (e.g. fuel cells) or catalytic reactors for



synthetic fuels [8-10]. The latter, in particular, requires a gas of adequate H2:CO ratio, and the
absolute absence of tar species and other catalyst polluters, such as sulphur and chlorine, that
would damage the catalysts [11,12]. In many cases, nitrogen dilution in the syngas should also
be avoided to reduce the cost of compression and simplify the gas separation downstream. This
is particularly true in new ATT applications for biohydrogen and bioSNG production [13-15],
which are gaining great attention in Europe [16]. Additional challenges are related to process
scalability and flexibility, both necessary conditions for operation on waste feedstock. Within
this context, fluidised bed reactors have proved to be particularly suitable for ATT of low-
quality feedstock, as proven by several pilot and demonstration-scale operations in the last
decade [12,14,17-19]. In particular, steam and steam-oxygen gasification in fluidised beds are
attracting interest for their good performance and high quality syngas that, differently from that
of traditional air-blown gasifiers, has higher calorific value as virtually nitrogen-free [20].
Despite this growing attention to steam-oxygen gasification of biogenic residues and waste
feedstock, literature and industrial reference to this technology are still very scarce, both from
modelling and experimental perspectives [21-23]. In order to investigate and overcome all the
challenges related to the process, a mathematical model for steam-oxygen gasification can be
built assuming either thermodynamic equilibrium or reaction kinetics. Despite being simpler
and faster from a computational point of view, equilibrium models can produce unreliable
results, as they would only predict the maximum (theoretical) yields. On the other hand, a
multidimensional model, which accounts for the reactor geometry and process fluid dynamic,
along with selected reaction kinetics, gives more accurate results. This kind of models is based
on equations of change and require a numerical approach to be solved. The higher reliability,
however, implies higher complexity, as well as larger computational times that limit their

application.



Different models have been proposed, both based on thermodynamic equilibrium [24-27]
or kinetic considerations [28-30] but most of these are developed for a biomass feeding and
their applicability to waste-derived fuel is not straightforward. Amongst the kinetic models,
Oyedeji and Adboulmoumine [31] have developed a CFD-DEM model to investigate the effect
of contaminants on the performance of biomass gasification. Despite being accurate in
representing the fluid dynamic of the gasifier, the CFD-DEM model requires extensive
computational resources and time to simulate the process.

Agu et al. [32] developed a one-dimensional unsteady state model for steam-biomass
gasification in a bubbling fluidized bed (BFB) that includes also momentum balances of
particles. The mono-dimensional approach proved to be computationally less demanding
without losing accuracy and predictive capability of the effect of feeding position. A similar
approach was used by Kaushal et al. [33] to model biomass gasification in a BFB gasifier,
where the two phases theory was used to describe the BFB. Gomez-Barea and Leckner [34]
adopted a different method to develop a model to predict the conversion of biomass in a FBG.
They used a quasi-equilibrium approach using an equilibrium sub-model to calculate the gas
composition. These are then corrected with kinetics sub-models that deviate the results from
equilibrium. The modular structure provided flexibility to the model.

From the available literature, it is evident that a kinetics-based, mono-dimensional approach
appears to offer the best compromise between accuracy and computational complexity, while
a modular structure gives the flexibility needed for different applications. Real plants data,
however, are necessary to validate these models, especially for novel applications using waste
feedstock and steam-oxygen operation.

The overarching objective of this work is to develop and test a one-dimensional non-
isothermal kinetic model for steam-oxygen gasification of RDF in a BFB, to quickly predict

process efficiency and performance at different operating conditions. The model is validated



with real data from a steam-oxygen waste gasification plant in Swindon (UK). Operation of
the plant was aimed at producing a syngas of consistent, reproducible and acceptable quality
(i.e. suitable, after refining and further cleaning, for ultimate use as a feed to a catalytic reactor)
with high gasification yields and minimum nitrogen content. Finally, the model is utilised to
gain a better understanding of the operating capabilities of the BFB reactor and to establish
whether there is an agreement between theoretically predicted and observed values (in terms

of oxygen/steam flow rates, energy input, gas compositions/flow rates).

2 MODEL DESCRIPTION

The model described in this study for the gasification process is based on chemical reaction
kinetics, coupled with the typical features of a BFB. The whole gasifier is divided into two
different sections: the bottom zone, which represents the BFB, and the top of the reactor, which
represents the freeboard section. The freeboard is modelled as a homogeneous plug flow
reactor (PFR), the bed zone is described according to the two-phase theory [35]. An overview
of the discretized fluidized bed gasifier (FBG) structure is shown in Figure 1. To simplify the
computational load of a kinetic model and handling of the phenomena involved in the process,
it is assumed that there are no variations of temperature and concentrations in the radial
direction; therefore, the model is one-dimensional and predicts changes only in the axial
direction. The height of the bed has been divided into a series of compartments of suitable finite
volume where the set of differential equations of mass and energy balances are solved. The
discretisation of the solutions could affect the accuracy of the model; therefore, the grid size
has been chosen as an optimized compromise between precision and computational time. Mass
and energy balances are solved in each compartment, whereas the output solution is used as
input of the subsequent one. This discretisation also allows having the fuel feeding point as a

variable input datum. The model is further simplified by decoupling primary decomposition



and secondary conversion of RDF feedstock. Primary decomposition includes devolatilization
of the fuel particle in absence of oxygen, while the subsequent conversion consists mostly of
extra particle reactions like oxidation, cracking and reforming of the gas species [36]. The two

phenomena are considered to occur in series and have been investigated separately.
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Figure 1 — Compartment structure of the model.

2.1 Primary RDF decomposition

When RDF enters the reactor it immediately undergoes drying (i.e. release of the moisture
content), and devolatilization, by which RDF is broken into lighter molecules. The products of
the primary decomposition are assumed to be gas/vapour species (i.e. volatiles), and char
(section 2.3.2). The two processes start at low temperatures (100°C and 350°C respectively)
and they are enhanced and accelerated by rising the temperature of the reactor [37]. The
chemical reactions and processes should be predicted quantitatively, but due to the complexity
of the conversion and the phenomena involved, suitable simplifications have to be developed
[36]. The first assumption is that the quantity of moisture in the RDF is quickly released as

vapour, adding to the inlet steam content. The products of devolatilization are also often



assumed to be released instantaneously, as reported by many authors [38-41]. Aghaalikhani et
al. [27] proposed a detailed model of biomass gasification in ASPEN plus environment,
showing the crucial role played by pyrolysis. In their approach, the pyrolytic products are char
and volatiles, and yields of gas at different temperature have been used to quantify the amount
of volatiles released. Others, like Kaushal et al. [33] model the biomass char as a partly volatile
fuel, and the products of devolatilization are added to the up-flowing gas stream in a predefined
pattern to avoid destabilizing effects to the hydrodynamic of the BFB.

The kinetic of devolatilization and the resulting product yields are fuel-specific and depend
on process conditions, such as temperature and heating rates [34]. Cozzani et al. [42] studied
the devolatilization behaviour of RDFs under heating conditions of conventional pyrolysis
processes, determining the product yields and gas composition over a wide range of
temperatures. In this work, a similar approach is followed to determine the overall primary
decomposition reaction and products distribution (as char, moisture, gases and tars). The tar
fraction is further divided into naphthalene (representative of multi-aromatic species) and a
primary lumped tar component. Both are then subject to thermal cracking and reforming
reactions to yield more gas or secondary tars [43]. The initial gas fraction is composed of
hydrogen, carbon monoxide, carbon dioxide, methane and benzene according to Eq. 1. The
yields of each devolatilization product are obtained from data in section 2.3.2. The solid residue
is composed of carbon and ashes, the latter considered inert.

RDF —» aH, + BH,0 +yCO + {CO, + wCH, + 9C,Hs + nCyoHg + {tar + kchar @

2.2 Computational model formulation

The two-phase model assumes that the fluidised bed consists of two phases: the emulsion
phase and the bubble solid-free phase. All gas in excess of that required for minimum fluidising
condition passes through the bed as bubbles [44]. The bed material (typically sand) is

considered to be inert and there is no mass loss due to entrainment of sand particles. This
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assumption allows to consider the bed height as a constant parameter. In reality, particle size
distribution of bed material changes over time, and particles elutriation can occur to varying
extent depending on fines fraction, which for simplicity was not considered in this model. The
RDF residual solid fraction (i.e. carbon and ashes in char, after devolatilization) is added to the
emulsion phase. In particular, while the ashes are considered to be inert, the carbon in char
coarse particles is exposed to heterogeneous reactions (ri2-14 in Table 3). A fraction of char
particles can elutriate with the gas flow depending on particle size [45,46].

The whole gasification process is strongly affected by the temperature that influences the
reaction kinetics therein and regulates diffusion phenomena. In this model, it is assumed that
both the heterogeneous and the homogeneous reactions take place only in the emulsion phase
of the bed. The mass transfer is responsible for the exchange of gas species across the boundary
between bubble and emulsion phase and, therefore, it occurs as long as a concentration gradient
exists.

The rate of change in concentration of the i-th species, in both emulsion and bubble phases

and the freeboard section, is expressed by Equations 2-4:

Emulsion phase (e) et o & Kbefe (0 — ) + 2 3y, (2)
Bubble phase (b) T =12 (e — o) @)
Freeboard (f) Zr - TV ()

Where Kbe is the interchange coefficient between bubble and emulsion phase [35]. The
meaning of symbols can be found in the nomenclature section at the end.

One of the main advantages of a fluidised bed is a good solid mixing due to the upward gas
stream that globally results in temperature homogeneity across the whole bed [47]. This is also

promoted by the large contact surface and the high heat exchange rates between gas and solid



particles. For these reasons, the emulsion phase is modelled as isothermal. This assumption

will be verified in the results section.

In the freeboard, the temperature profile is affected by chemical reactions and heat losses.

Energy balances for emulsion and bubble phases and the freeboard are expressed by Equations

5-7
Emulsion phase (e) i—TZ =0
Bubble phase (b) % = % "Tichicpi
Freeboard (f) oro 1

dz YiCriCpi Us

®)

-7, (6)
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Where Rt IS the total thermal resistance to the heat losses due to the insulation. Expressions

for the heat of reaction AH;" and heat capacities c,,; are taken from literature [48] and can be

found in the Supplementary material.

The correlations in Table 1 describe the bubble rise velocity and other fundamental

parameters to describe the hydrodynamic behaviour of the modelled BFB.

Table 1 — Mathematical correlations for the modelling of BFB [35].

Name Expression
Initial bubble size [cm] o 1.30 [ug — uumf]°'4 ©
. . o 9°? Nor
Limiting size of bubble [cm] dypm = 0.65[Apea(tto — umf)]o.4 )
Bubble diameter [cm] [49] 0.54 0.4 A 0.5y 0-8
- _ bed 10
dy 992 (uO umf) (Z + 4<Nor) ) (10)
Minimum fluidising velocity [cm/s] Uy = Uy (27.22 + 0.040847)°5 — 27.2) 1)
Pg%p
Rise velocity of a single bubble [cm/s] up, = 0.711(g d,,)°" 12)
Rise velocity for bubbles in bubbling beds [cm/s] Up = Up — Uy + Upy (13)
Rise velocity of emulsion gas W = Umf (1)
e gmf
The fraction of bed in bubbles, “—22>* 8
m3 bed
- Vigorously bubbling beds, uy > u,s s=2o
Up (15
- Fast bubbles, u;, > 5L _ Yo~ Ums
b Emf g Up — Uy (16)
- Slow bubbles, u; < u, 5= Up — Ums
Up + Zumf (17)




. U Um —
- Intermediate bubbles, e—f <uy < Se—f Yo “Ums  ren wp = Yms
m

f mf Up + umf €mf
5= (18)
Ug — U u
=™ when up = 5L
Up Emf
Mass interchange coefficient bubble-cloud [s] u PO:5 5025
Kpe = 45 (ﬂ) +5.85 <7” Ea ) (19)
b db'
Mass interchange coefficient cloud-emulsion [s] Diie s\ P
Ko = 6.77 <%f’"> (20)
b
Total mass interchange coefficient bubble-emulsion [s] 1 1 1
— =t — (21)
Kbe Kbc Kce
Gas phase diffusivities [cm?/s] [50] (10‘3T1'75(1/MWL- + 1/MW,~)°'5)
Py = : TG (22)
P [(Zivi)3 + (Zj Vj)3]
Gas viscosity [Pa s] [51] D MWL) 23)

Hg = Zi(xiMWiO's)

Heat transfer coefficient bubble-cloud [W/m?3, K 05 o
i b = 45 (Lntlacon)  S9Uaacre) 07 gy
db d117.25
Heat transfer coefficient cloud-emulsion [W/m3, K] [44] EmfAgPgCoglis 0.5
Hce =6.78 <W> (25)
g“b
Total heat transfer coefficient bubble-emulsion 1 1 N i (26)

Hbe _ Hbc Hce

2.2.1 Kinetic model

The homogeneous reactions are listed in Table 2 along with their kinetic equations. These
take place simultaneously but at different rates, according to the conditions that occur in each
compartment. The dependence from the temperature of each kinetic is expressed by the
Arrhenius-type equation:

Ea.
kj = Aj exp (— ﬁ) (27)
RT

No heterogeneous reactions take place in the freeboard, assuming that fine char particles are
rapidly carried over with the gas. The fraction of fine char is produced inside the bed due to
comminution of coarse particles [52,53]. Coarse char particles, which have a terminal fall
velocity higher than superficial gas velocity, instead, are consumed in the emulsion phase by

heterogeneous reactions listed in Table 3.
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Table 2 — Homogeneous reactions that occur in the bed gasifier. Reaction rates are expressed in

mol/mqs, concentrations in mol/m?, Activation energy in J/mol.

Reactions

Reaction rates (mol/m3s)

Ref.

10.

11.

CO + H,0 2 CO, + H,

CH, + H,0 2 CO + 3H,

1
HZ +EOZ 4 H20
1
co +EOZ 4 COZ
1
CH4 +EOZ - CO + HZ
CH4 + 202 4 COZ + H20
CeHg + 30, > 6CO + 3H,
CeHg + 5H,0 — 5C0 + 6H, + CH,
C1oHg + 4H,0 > CoHg + 4CO + 5H,
X X X
CHx0y+ZOZ—>(E—y—22+2)CO+(y+22—E—1)COZ+—H20

2

Tar — products

=k (Cco CH,0 —

Keq1 = 0.022 exp (—

=k (CHZO CcH, —

Keqz = 3106+ 10 exp(

_ 0.5
Ty = k4 Cco CH,0 €0}

Cco,

A, = 2778
Ea, = 12560

Ea, = 36150

T3 = k3 Co, CH,
A; = 1.08- 1010
Ea; = 125525

CH2>
Keg1

34730

RT )
Cco C1§12>
Keq,z

A, = 49161071072 . ———
2 Mcpedy

Cc

208800

RT

0.25

Ay =1.78-101°
Ea, = 180032

s = kscg'l34C8;8
As = 1.58-101°
Eas = 202641

_ 03 .13
Te = ke Cciy, Co,

Ag = 2.06-10°
Eag = 202500

T, =ky CcyHg Co,
A, = 158102
Ea,; = 202641

g = kg CCeHg
A; = 4.4-10°
Ea, = 220000

Tg = Kq Cc,oHg 521'24
Ay =9.97 - 1010
Eaqy = 324000

10 = k10502CCony
Ay, = 1.58-107
Eay, = 201000

711 = k11Crar
Ay =4-10*
Eay; = 76600

)

(28]

[28,54]

[28]

[28]

[28]

[55]

[28]

[55]

[55]

[36]

[56]
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Table 3 — Heterogeneous reactions that occur in the bed gasifier. Reaction rates are expressed in

mol/m?s, concentrations in mol/m?, Activation energy in J/mol.

Reactions Reaction rates (mol/m3s) [28,55] References

Cco,

12) (12)
1+ Kk’COZCCO2 + Kk,COCCO

Ayy = 4.89-107 (M)
char

12. C+C0, 22C0 Ea,, = 268000 (28]
K\Zs, = 660107
25500
RT )

T2 = kqz

2 -
KD =1.2-10 " exp (—

CH,0

13 13
1+ K,S,jz)o Chyo + K,E,Hz) cu, + KL cco
A = 239102 (pcﬂ)
char
Ea,; = 129000
( 30100> [28]

RT
59800

13 = kq3

13. C+H,0 2 Hy, + CO

(13) _ -
Ky = 316102 exp

3 —
K =5.36-10 exp (—

T
96100)

(13) _ -5 (
K13 =825-10 -
exp RT

k,CO
T4 = K1g Co,
6
Aqy = 5.957 - 102 Ty |
dyp

Eaq, = 149440 [28]
_1+2f,

T14f,
f=472-1073 exp<

14.  aC+ 0,2 2(a—1)CO+ (2 — @)CO,

37737
RT,

2.3 Experimental apparatus and procedure

2.3.1 The Pilot Plant

The FBG that was used to generate experimental results for model validation is part of the
waste gasification pilot plant based in Swindon (UK). The Swindon plant has been extensively
used for R&D purposes and accurate description of plant components and operation is available
elsewhere [57,58].

RDF is initially stored in a buffer hopper mounted on load cells and fitted with level

indication and alarm. The RDF is extracted from the hopper at a controlled rate using a variable
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feed screw. A rotary valve after the variable feed screw provides an airlock before the RDF is
fed to the gasifier by a constant speed screw. Gasification takes place in a bubbling fluidised
bed gasifier at about 750 °C using steam and oxygen as fluidising gases. During start-up, the
system is warmed up to about 600 °C using hot air supplied by a natural gas burner.

The trials began with 75 kg of virgin bed material in the BFB. During the course of the trial,
this material was discharged frequently to maintain a bed differential pressure of 50-70 mbar
and prevent the build-up of oversize. Bed material, along with any solid residue from
gasification of the RDF (e.g., inert glass, metal fractions, etc.) are extracted automatically from
the bottom of the bed, cooled, and finally screened using a vibrating screen to separate the sand
from the solid residues. Sand is then recycled back to the process. The extracted bed material
is metered using a slide gate valve. The slide valve opens for a fixed period of a few seconds,
discharging approximately 0.03 m® per pulse, the pulsing being used to meter the flow of bed
material. The on-line extraction screening and recycle of bed material was not a feature of the
model, as their effect on syngas quality is expected to be minimal.

The actual operating conditions of the gasifier depend on fuel characteristics and desired
reaction profiles. Bed temperature is controlled to not exceed 850 °C by adjusting
steam/oxygen ratio and fuel feed. This is to avoid the risk of incipient ash melting and possible
formation of agglomerates, which represent a major issue in RDF gasification. Maintaining a
nearly constant bed temperature also helps to minimise reactor upset conditions due to fuel
variations (moisture, ash, heating value, etc) providing near steady-state conditions for the
performance of the gasifier. The plant is specifically instrumented with direct and continuous
measurements of flows, gas composition, temperatures and pressures. The on-line syngas
composition was monitored using a Gasmet Fourier Transform Infrared (FTIR) Spectroscopy

gas analyser. Additional CO:CO2 monitoring is undertaken utilising a XEntra 4210 analyser.
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The calorific value of the gas and its Wobbe index are monitored using a CWD 2005
Calorimeter.
A schematic diagram of the experimental apparatus is shown in Figure 2. The main design

and operation characteristics of the pilot FBG are summarised in Table 4.

®_______

] FP2

@ & &80

Steam/Oxygen

Figure 2 — Schematic diagram of the system with RDF feeding ports (FP): FP1-bottom bed, FP2-
top bed, sampling point for gas analysis (SP) and FBG temperatures (T): Ti-bottom bed, T>-middle

bed, Ts-top bed, T4-splashing zone, Ts-freeboard.

Table 4 — Design and characteristics of the pilot BFB.

Parameter Values
Bed diameter [m] 0.25

Bed expanded height [m] 1.10
Freeboard height [m] 3.00

Bed temperature [°C] 700-800
Fuel feeding rate [kg/h] 40-60
Oxygen to fuel ratio [wt/wt] 0.28-0.33
Steam to oxygen ratio [mol/mol] 2.5-3
Bed inert material density [kg/dm?] 2.7

Bed inert material mean diameter [um] 615
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2.3.2 Feedstock characterization

The feedstock used for reference testing was a standard UK municipal solid waste-derived
RDF. The prepared RDF comes from several waste treatment facilities in floc form of size
ranging from 5 to 50 mm. Table 5 shows the average chemical, mechanical and calorific

properties of a RDF sample.

Table 5 — Physical and chemical properties of RDF [59-63].

Property RDF
Bulk density [kg/m?] 100-200
Particle size (mm) 5-50

Proximate analysis (wt% fuel as received)

Fixed Carbon 8.90

Volatile matter 64.70
Ash 11.80
Total moisture 14.60

Ultimate analysis (wt% fuel as received)

Carbon 41.76
Hydrogen 5.05
Oxygen 23.39
Nitrogen 3.02
Sulphur 0.13
Chlorine 0.25
Energy content (MJ/kg)

Gross calorific value 21.34
Net calorific value 19.89

The model hypothesis of instantaneous devolatilization of RDF has been investigated
through thermo-gravimetric tests. The objective was to determine the reaction kinetic of the
RDF primary decomposition to assess the time required for the total conversion (Section 2.1).

A sample of RDF of about 38 mg has been analysed in a lean-oxygen atmosphere (10% O:2
and 90%Ny2), similar to typical gasification conditions inside the bed, with a constant heating
rate. Several iterations were undertaken at different heating rates, in a range 10-125 °C/min.
TGA curve obtained for the RDF is reported in Figure 3. This test was performed using a
TGA/DSC 3+ (LF) by Mettler Toledo. The thermogravimetric analyser can perform heating

rates in the range 0.02 to 150 °C/min and the balance resolution is 0.1 pg. Products of
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devolatilization and gas composition were measured using an online FTIR gas analyser

(Rapidox 7100 Multigas Analyser by Sensotec).

(@)
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Figure 3 — RDF devolatilization kinetic determination. a) TGA curve in an atmosphere of 10% O
and 90% N, and gas composition. b) Linearization plot of the Arrhenius-type kinetic equation and

experimental data from TGA results.

Through the TGA results, it has been possible to develop a simple gravimetric Kinetic
equation for thermal degradation reaction of RDF. This is a simplified global model that
correlates the rate of RDF consumption to the products (Eq. 1) [64]. It is represented by a single
reaction pathway that aims to reproduce the multi-scale physical and chemical transformations
that occur during feedstock devolatilization [36]. The final solid residue is composed by the
ash and fixed carbon fraction of the RDF and is used for the mass balance expressed by

equation 1. Arrhenius first-order rate equation was used to describe the reaction kinetic, where
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the calculated activation energy and the pre-exponential factor are 9-:10* J/mol and 3-10° s

respectively.

3 RESULTS AND DISCUSSION

3.1 Comparison of the model with industrial evidence

The model was first run at inlet condition close to experimental ones, with a margin of error
consistent with real plant operation. These correspond to an oxygen to fuel mass ratio and steam
to oxygen ratio (SO) of 0.28 and 2.7, respectively. Figure 4 shows the temperature profile of
the FBG during operation at the above conditions. While the temperature at different locations
in the bed is maintained fairly constant at 750 °C, a significant increase in temperature was
observed, both in the model and experimentally, in the splashing zone right above the bed
surface. A similar trend has been observed by Parrillo et al. [65], who measured the axial
temperature profile in a pilot scale BFB for biomass gasification. Their results show a
maximum temperature in the upper region of the bed and the splashing zone, while after the
peak, temperature decrease in the freeboard due to prevalence of endothermic reaction and heat
loss [65]. As explained later in Section 3.4, this behaviour is possibly related to the fraction of
oxygen that by-passes the bed in the form of fast rising bubbles and reacts in the above zones
when bubbles erupt. Temperatures in the freeboard return then to lower values (~780 °C), in

response to endothermic reactions occurring in the gas phase.
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Figure 4 — Experimental and model predicted FBG temperature profile. Thermal input: 300 kW,

oxygen/fuel: 0.28, SO: 2.7.

Figure 5 shows the gas composition of the main products and the lower heating value
compared to those calculated by the model. Hydrogen molar fraction is around 20%, which
compares well to results reported in different studies [66], while carbon monoxide fraction is
roughly half. As expected, molar fractions of carbon dioxide and steam are quite high, more
than 20% and 30% respectively, which is related to the use of steam-oxygen as gasification
agents. The results from the model and the pilot plant compare well with literature data for
similar processes [23,66,67]. Differences are justified by the different operating conditions,
feedstock and reactor configuration that can be chosen for gasification of waste and residual
feedstock, depending on the overall objectives of the plant.

The gas composition is generally well predicted and close to the experimental values,
showing a deviation of about 1% between the calculated and experimental data for most
species. More relevant discrepancies are related to steam and methane molar fractions (10%
and 3% respectively). The difference is mostly due to the high variability of the steam fed into
the reactor, and the limited number of species in the model to represent the hydrocarbon

distribution. The gross heating value (GHV) is calculated with relation to gases only, while the
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measured one might include some residual vapours (steam mostly) in small percentages. This

would explain the slightly higher heating value calculated by the model. Normal cubic meters

refer to volumes at 0°C and latm dry.
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Figure 5 — Comparison of molar gas composition and GHV predicted by the model with
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The model shows to be reliable also for the evaluation of hydrocarbon species, including

methane, benzene and total tars, as shown in Figure 6.
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For completeness and additional information to the reader, the fraction of heavy
hydrocarbons (HC) from the plant has been analysed following ASTM D5134 and the product
distribution is shown in Figure 7 [68]. Benzene content is also reported as this is present among
the permanent gas. Other hydrocarbons have been reported grouping the compounds according

to the number of carbons.
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Figure 7 — Analyses of HC’s and C6+.

It can be observed that tars content in the syngas obtained from RDF gasification in a stand-

alone BFB is significant, requiring additional reforming for syngas utilization.

3.2 Effect of the feeding point

The model was also capable of describing the effect of the feeding height, pointing out the
differences between on-bed and in-bed feeding tests (Figure 8). Figure 8a shows the evolution
of molar fractions on a dry basis when the feeding height, reported as percentage of the total
bed height, varies. By decreasing the height of the feeding point, RDF particles undergo initial
devolatilization lower inside the bubbling bed, and therefore the residence time of the species
released inside the bed increases. This condition enhances the performance of the reactions and
leads to a higher concentration of hydrogen and carbon monoxide in the gas. In particular, the
water-gas shift and methane/tars reforming reactions (r1, rz, rs, re in Table 2) play a major role

in this [69]. The effect of residence time is well illustrated in Figure 8b, in which both H2:CO
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and CO:COz ratios decrease when the RDF is fed at higher levels in the bubbling bed. Figure

8c, instead, shows how the cold gas efficiency (CGE) slightly decreases due to the reduced

extent of tar cracking. The lower heating value (LHV) also increases because of the increasing

methane concentration that counterbalances the decrease of hydrogen and carbon monoxide,

reaching its maximum when RDF is fed from the top of the bed. The choice of the location for

the feeding point depends on the specific requirements of the plant. Higher H2:CO ratios are

desirable for fuel synthesis applications, while syngas heating value plays a role of major

interest for energy production.
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Figure 8 — FBG performance as a function of the feeding height. (a) Main products dry molar
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and TGT and outlet gas temperature.

Feeding RDF from the top of the bed has seemingly a detrimental effect on tar reforming,

which is reflected on lower total gas throughput (TGT) and carbon conversion efficiency (CC)
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(Figure 8d). This is expected as a higher tar content means that less carbon ends up into syngas
(as CO, CHg4, and COz2). The outlet stream temperature increases with increasing the feeding
height, confirming the effect of lower residence time on both reforming and shift reactions.
The outlet temperature is also affected by the extent of combustion reactions that take place in
the freeboard rather than inside the bed.

These results suggest some design and operation conclusions with regards to the feeding
location of highly volatile materials. While a feeding point at the bottom appears to be the best
solution in terms of syngas quality and efficiency (as for CC and TGT), this comes at a high
cost, due to increased complexity of feeder design and many operational problems (e.g.
backflow of bed and fuel particles, feeder clogging, gas leaks, etc.). On the other hand, an on-
bed feeding is much easier to operate and control, and therefore a more favourable option. The

limited differences in syngas quality make the easiest-to-operate option also the most suitable.

3.3 Effect of the thermal input

Figure 9 shows the effect of the thermal input, i.e. energy entering the gasifier with the RDF,
varying due to changes in feeding rates. When RDF mass rate is increased, the oxygen to fuel
ratio and SO are kept constant, which means oxygen and steam feeding rates increase
proportionally with the fuel-feeding rate. Increasing the thermal input has two conflicting
effects: while more gas is released by devolatilization and made available for reactions, at the
same time it decreases the residence time and, therefore, the reaction time. The first effect
results in a higher outlet gas flowrate, as shown in Figure 9d. On the other hand, the decreasing
residence time entails the reduction of the syngas quality. In particular, Figure 8a shows the
variation of the dry molar fractions of hydrocarbon species with the increasing thermal input.
Besides the higher amounts of species that are released from the RDF, the reduced residence

time results in higher concentrations of hydrocarbon species, due to the limited shift and
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reforming reactions (Figure 9a). The experimental data for methane concentration and LHV
show the same increasing trend. Figure 9b shows the variation of the syngas quality, in terms
of H2:CO and CO:COzratios, as a function of the thermal input. These trends are a consequence
of the decreasing residence time on shift reactions that cause the concentrations of hydrogen
and carbon dioxide to decrease of about 10% each, while that of carbon monoxide increases by
roughly 15%. The predicted values compare well with the experimental ones as the calculated
values fall within the experimental range of error.

The favourable rise of the gas throughput comes with a higher outlet stream temperature
caused mainly by the enhanced combustion reactions (Figure 9d). This implies higher risks for
materials resistance, and difficulty to control. The experimental temperatures show the same
increasing trend, although with generally lower values. This difference is due to the thermal
conductivity of the refractory material, which is assumed to be constant in the model.
Interestingly, reducing the thermal input excessively does not result in a specular reduction of
tars. Figure 9a shows that average tar content is constant for thermal input below 200 kW in
the pilot plant. Furthermore, despite H2:CO increases rapidly at lower thermal inputs, this is
counterbalanced by a reduction of the TGT of the same magnitude, making the CGE

unaffected.
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Figure 9 — FBG performance as a function of the thermal input. (a) Dry molar fraction of the
hydrocarbon species at the outlet of the gasifier. (b) CO:CO, and H2:CO molar ratios. (¢) LHV and

CGE. (d) CC and TGT and outlet gas temperature.

Considering the double conflicting effects of rising the thermal input, coupled with the limit
imposed by the technology and materials, the model suggests an optimum feeding rate of
approximately 40-60 kg/h of RDF for the pilot plant. Notably, the same operational range was

confirmed by plant specifications.

3.4 Effect of the equivalent ratio

The equivalent ratio (ER) is defined as the ratio between the oxygen fed to the system and
the stoichiometric oxygen required for full combustion. ER is a key parameter for ATT
processes like gasification, since this is responsible for the thermal equilibrium of the reactor,
in which the temperature has to be sufficiently high for endothermic reactions to occur.

Typically, an increase in ER implies that more oxygen is available for combustion reactions,
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resulting in an increase in reactor temperature. Since in the model the bed emulsion is assumed
to be isothermal, its temperature remains constant and does not vary with changing of operating
conditions, including ER. This assumption could possibly limit the predicting capability of the
model, and as such it requires further validation. Incidentally, in pilot plant tests, average bed
temperature was found to be affected by ER only to a minimum extent. Variations were only
evident in the upper region of the bed (T3 in Figure 2), and always lower than £100°C for the
entire range of examined ER (0.2-0.4). This can be explained by the fact that in BFB reactors,
a large fraction of the inlet oxygen by-passes the bed and reacts in the freeboard, leaving the
bed temperature almost unaffected. This effect is clearly evident when looking at the
temperature distribution across the entire reactor (Figure 4), which shows the highest
temperature in proximity of the splashing zone, i.e. the region immediately above the bed. For
the same reason, freeboard temperature is strongly dependent on ER, playing an important role
in determining gasification performance and product gas composition. Figure 9 shows how the
performance of the gasifier is affected by a variation of ER, while the bed temperature and SO
are maintained constant at 750 °C and 2.7, respectively. The most evident effect is the
hydrocarbon species decrease, as these are further consumed by the combustion reactions
occurring in the freeboard (Figure 10a). A secondary effect is the enhancement of the reforming
reactions (rz, rs, re in Table 2), in response to higher temperature. This let the H2:CO ratio
decrease and CO:CO:z2 increase until reaching a maximum value for ER close to 0.3, beyond
which any further addition of oxygen makes combustion reactions predominant. This value is
in line with what reported by Basu [29,70]. As expected, when higher ERs are adopted
complete combustion reactions of both hydrocarbons and hydrogen are favoured, leading to a
progressive reduction of CO:CO2 and H2:CO ratios as well as an increase of the outlet
temperature (Figure 10d). The predicted values compare well with the experimental data both

for H2:CO and CO:COz. Similar trends were found for biomass gasification by Parrillo et al.
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[65] in a range of ER 0.21-0.35. The experimental outlet temperatures show the same
increasing trend. The discrepancies may again be due to an under-estimation of heating losses

along the gasifier.

5000 (@) 08 (b) 5
o z 8- _45
- Tars ——coicoz
\ - - -Benzene 14 W CO0/CO2 experimental
% —- — Methane - - -H2/CO 4
20000 G W Experimental methane B’E‘ 5 7 H2/CO experimental
B oy, [=] =
T \ 125 = M lase
g \ = & i
o it A =3 = ¥ =
= 150004 v 3 @ S . ®
=} - = £ [=}
= - @ o~ 04 E
© o (o]
£ £ 8 50
T 10000 ) o &
= g o g
@ O 034 b o
=
5000 4
T T T T T 02 T T T T —1
0.2 0.3 04 05 08 02 03 04 05 08
Equivalent ratio Equivalent ratio
(c) (d)
20 - - - 1600
——LHV —— Carbon conversion
L W Experimental LHV/| 70 _ 55 -~ .TGT
cy - - -CGE £ —-— Outlet temperature &
E 104 l ‘é’ B Experimental temperature s 3400
£ leo & zZ. |Z - )
e ) = 50 1= 704 e
2] g § |8 e 120
@ =1 3 . =
E g B2 & 5
> &= 454 E . a
2 84 = 3 S . 1000 £
c w o © . [
= © = c 7 A
2 L2g @ £ S S =
2. h] w0280 R e 3z
= =] @ 1® P o = 800 =
5] O hoe (6] - AT o
: = U .y
P PR I-30 ° ,/: s
- 7 g
35 F ] ~Leono
5 T y T —-20 50 T T T
0.2 03 04 0.5 08 0.2 03 0.4 05 08
Equivalent ratio Equivalent ratio

Figure 10 — FBG performance as a function of the ER. (a) Dry molar fraction of the hydrocarbon
species at the outlet of the gasifier. (b) CO:CO; and H2:CO molar ratios (¢) LHV and CGE. (d) CC
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The crucial role of the equivalent ratio in thermochemical processes is also shown in Figures
10 c and d. When the oxygen fed is increased, the heating value of the outlet gas stream and
the overall CGE decrease significantly, due to the higher fraction of CO2 and steam produced.
In particular, the LHV reaches values over 10 MJ/Nm? for low ER (<0.2), while it drops under
6 MJ/Nm? for ER higher than 0.6, thus approaching near full combustion conditions. This trend
compares well with the experimental values that show an analogous decrease. Within the same

range, the CGE decreases of about 30%, approaching zero in case of complete combustion.
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Similarly to CO:CO:z ratio, also the TGT in Figure 10d shows a maximum for ER close to
0.25. The increase of combustion reaction with the increasing ER is not reflected by a related
growth in the TGT because of the higher quantity of steam that affects the residence time and
dilutes the outlet stream. The CC rises when the ER increases as more carbon molecules end
up in carbon monoxide and dioxide rather than in tars or heavy hydrocarbons. However, the
rate of change is not constant. In particular, for lower values of ER, the CC increases fast with
increasing ER, while it is minimally affected for ER higher than 0.3. This effect could be due
to soot formation and less reactivity of some tar species at the higher temperatures.

For the purpose of gasification of RDF, the most suitable equivalent ratio suggested by the
model appears to be in the range 0.2-0.35.

To further evaluate the predicting capability of the model, a simple sensitivity analysis was
run by varying the model FBG bed temperature at the two extreme ER values tested, and at
different feeding point locations. A variation of input bed temperature of +/- 50 °C was shown
to have a minimum impact on model predictions, with all main process outputs (LHV, CGE,
CC, outlet temperature) varying by less than 5% at ER=0.2, and less than 6% at ER=0.4, with

in-bed RDF feeding. No appreciable variations could be observed for the on-bed feeding case.

3.5 Effect of the steam

Steam plays an important role as a fluidising agent in the BFB and for thermal control in
RDF gasification. In particular, steam is known to promote reforming and shift reactions while
it inhibits combustion reactions. Figure 11 shows the performance of the reactor as a function
of the SO. As expected, the most relevant effect is the enhancement of the reforming reactions
and the water gas shift (Figure 10a). This results in increasing fractions of hydrogen and carbon
dioxide and decreasing carbon monoxide, as confirmed by the experimental measurements.

Moreover, steam has a controlling effect on process temperature, inhibiting the combustion
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reactions. This is shown in Figure 11b with both heating value and CGE slightly decreasing as

steam is increased. The calculated values of the heating values are within the margin of error

of the experimental data.

These two conflicting effects of steam, specifically on H2:CO and LHV, suggest that the

optimum ratio can be found in the range 2-3. At the same time, selecting higher values of SO

would quench the process, making the control of the autothermal reactor extremely

challenging.
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Figure 11 — FBG performance as a function of the SO. (a) CO:CO; and H2:CO molar ratios. (b)

4 CONCLUSIONS

LHV and CGE.

A model for the RDF gasification in bubbling fluidised beds has been developed. The model

includes Kkinetics of the main reactions and accounts for the fluid-dynamic of a BFB evaluated
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in separated sub-models. The one-dimensional non-isothermal model was used to investigate
the performance of a steam-oxygen gasifier and the results were compared with experimental
data from tests conducted in a demonstration plant. The model proved to be reliable in the
estimation of the output of the gasifier, despite the assumption of mono-dimensional axial
variation. This assumption provided ease of computation and less time of simulation compared
to available kinetic models. Furthermore, a sensitivity analysis was made to investigate the
effects of operating parameters on the system, in order to find the optimum ranges.

The model requires only data for reactor geometry, fuel properties and operational
parameters as inputs, while the modular structure allows the model to be modified and easily
adapted to each specific case. RDF devolatilization proved to have a crucial role in the process.
Unlike the common assumption of instantaneous devolatilization, this step has been
investigated separately, and an ad hoc kinetic equation has been developed for standard RDF.
Tar released during primary decomposition has been represented by naphthalene and a lumped
compound. Secondary tar formation and tar decomposition are also taken into account. The
developed model is capable of predicting the product gas composition, tar and char yields and
temperature profile in the gasifier under different conditions, showing good agreement with the
experimental data. The optimum ranges for thermal input, ER and SO were confirmed by plant
specifications. The main limitations of the model involve the lack of radial fuel distribution
(including feedstock segregation within the bed) and limited number of kinetic equations. A
more realistic fluid dynamic description of the system can only be achieved with more complex
models, such as CFD, which however are more difficult to implement. Other limitations are
those associated with the two-phase theory (e.g. perfectly mixed and isothermal emulsion
phase), which can affect the accuracy of the model when applied to large scale applications.
The application to different feedstock (e.g. biomass) is also possible, provided that the fuel

specific devolatilization mechanisms are adopted.
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This work has also proven that steam-oxygen gasification of RDF could be a valid option

to convert waste materials into a more valuable product, representing a possible solution to

both the management of unrecyclable waste and alternative fuels production, especially for

emerging applications, such as bioSNG and biohydrogen production.
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NOMENCLATURE
Symbols
A Pre-exponential factor
Abed [MP] Cross-sectional area
Ar Archimedes number
¢ [mol/m3] Concentration
Cp [J/mol K] Heat capacity
D;; [cm¥s] Gas phase diffusivities
Ea [J/mol] Activation energy
g [m/s?] Gravity acceleration
H [W/m3 K] Heat transfer coefficient
AH™ [J/mol] Reaction enthalpy change
k Kinetic coefficient
K [s7] Mass interchange coefficient
Keq Equilibrium constant
K [1/atm] Adsorption constant
M [kg] Mass
MW [g/mol] Molecular weight
Nor Number of orifices
p [bar] Pressure
R [J/mol K] Universal gas constant
Riot [KM3/W] Total thermal resistance
r [mol/m?3s] Reaction rate
T [K] temperature
u [cm/s] Velocity
Uo [cm/s] Superficial gas velocity
Ubr [cm/s] Rise velocity of a single bubble
v Diffusion volume
X Molar fraction
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z [cm]

Axial position

Greek letters

8 [M3/miped]
£

Fraction of bed in bubbles
Void fraction

v Stoichiometric ratio

u [Pas] Gas viscosity

p [kg/m?] Density

A [WIim K] Thermal conductivity

Subscripts

0 Initial

a Ambient

b Bubble phase

C Carbon (in kinetic rate expression)

c Cloud phase

e Emulsion phase

eq Equilibrium

f Freeboard

g Gas phase

i Number of species

i Reaction number

m Maximum

mf Minimum fluidization

p Particle

Acronyms

ATT Advanced_thermochemical
technologies

BFB Bubbling fluidised bed

bioSNG Bio-substitute natural gas

CcC Carbon conversion

CGE Cold gas efficiency

ER Equivalent ratio

FBG Fluidized bed gasifier

FP Feeding port

FTIR Fourier transform infrared

GHV Gross heating value

HC Heavy hydrocarbons

LHV Lower heating value

MSW Municipal solid waste

RDF Refuse derived fuel

SO Steam to oxygen ratio

SP Sampling point

TGA Thermogravimetric analysis
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TGT Total gas throughput
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