PERFORMANCE ANALYSIS OF PLATE
HEAT EXCHANGERS USED AS
REFRIGERANT EVAPORATORS

Jianchang Huang

A thesis submitted to the Faculty of Engineering and the Built
Environment, University of the Witwater srand, Johannesburg, in

fulfillment of the requirements for the degree of Doctor of
Philosophy.

Univer sity of the Witwater srand, Johannesburg
August, 2010



DECLARATION

I declare that this thesis is my own unaided work. It is being submitted to the
Degree of Doctor of Philosophy to the University of the Witwatersrand,
Johannesburg. It has not been submitted before for any degree or examination to

any other University.

.................................................................................................




ABSTRACT

In this study the heat transfer and frictional ptee drop performance

characteristics of plate heat exchangers (PHE's)l as refrigerant liquid over-

feed evaporators were investigated. PHE’s have bagrng new applications in

the refrigeration industry, especially as evapastduring the last few decades,
but the available information in the open literatdior operation in this mode is
rather limited. This study aims to extend the krexige of PHE evaporator
performance and to develop a model for use in etialg heat transfer and

pressure drop over as wide a range of operatindittons as possible.

A laboratory experimental facility was constructadd the thermal-hydraulic
characteristics of three middle-size industrial PHBEvere measured. The
exchangers all had 24 plates of the same size hhtdiferent chevron angle
combinations of 28°/28°, 28°/60°, and 60°/60°. Tseds of tests were carried out
with the three units: single-phase performancestesth water, and evaporator
performance tests with R134a and R507A, for whiehdéxchangers operated as
refrigerant liquid over-feed evaporators. The tegith water served to provide
accurate water-side heat transfer information foe evaporator performance
analysis which is the primary purpose of this studly the evaporator
performance tests, refrigerant flow boiling heainsfer and two-phase pressure
drop data were obtained under steady conditions; awange of heat flux from
1.9 to 6.9 kW/rh, refrigerant mass flux from 5.6 to 31.4 kgf&)) outlet vapour
quality from 0.2 to 0/95, and saturation tempeedufrom 5.9 to 13.0 °C.
Additional field data of thermal performance weol@cted on an ammonia and a
R12 PHE water chiller, operating as thermo-sipheaperators at their design
working conditions.

All experimental data were reduced and analyzedbtain the refrigerant-side

heat transfer coefficients and frictional pressdreps in the PHE evaporators.
The heat transfer results showed a strong depeadamteat flux and a weak
dependence on mass flux, vapour fraction and tkeeroh angle. Along with the

observations from the ammonia and R12 evaporatbis, concluded that the

dominating heat transfer mechanism in this typewaporator is nucleate boiling
rather than forced convection. In contrast to thattiransfer characteristics, the
refrigerant two-phase frictional pressure drop feamd to be strongly influenced

by mass flow rate, vapour fraction and also thevidre angle. An almost linear

increase of the frictional pressure drop with tlkenbgeneous two-phase kinetic
energy per unit volume was observed for both refagts.



Based on the experimental data, correlations weweldped for predicting the
refrigerant boiling heat transfer coefficient amgbtphase frictional pressure drop
in PHE liquid over-feed evaporators. Two correlasiowere developed for
boiling heat transfer, one of these reflecting kg relationship in pool boiling,
the other with all constants and exponents detexthiby regression analysis. The
mean absolute errors are respectively 7.3% and @8%nese correlations. For
two-phase frictional pressure drop, data were tated using two established
methods, namely the homogeneous and the Lockhatindéi methods, with
means absolute errors of 6.7% and 4.2%, respegtiVele homogeneous model
showed a slightly higher discrepancy with the ekpental data but is likely to
be more physically sound for PHE evaporators, anchuch simpler to apply.
Validation of these correlations with other dates heen difficult due to the
shortage of published information. For other redframts operating at comparable
conditions, these correlations should serve asdegwhile more accurate design
or evaluation may need to be based on furthengpsti

The performance analysis carried out in this studs based on systematic
experimental investigations and field tests on stdal PHE units. Correlations
were developed covering a rather extensive rangéoef parameters, plate
geometry and various refrigerants. Such correlatibave not been reported
previously for PHE liquid over-feed evaporators.eThesults simplify the

performance analysis of PHE evaporators and proddeeliable thermal-

hydraulic model of PHE liquid over-feed evaporatoshich can be used for
system modeling of water-chilling machines emplgyihis type of evaporator.
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CHAPTER 1

INTRODUCTION

1.1 Background

Plate heat exchangers (PHE’s) were first commeydialroduced in the 1920’s
to meet the hygienic demands of the dairy induéBgligman, 1963, Carlson,
1992), while some patents existed as early asanl8v0’s in Germany (Clark,
1974). Design of this type of exchanger reacheduritgtin the 1960’s with the
development of more effective plate geometriegradsies, and improved gasket
material, and the range of possible applicatiorssviidened considerably (Kakac
S. and Liu H., 2002). PHE’s are nowadays widelyduse a broad range of
heating and cooling applications in food processaigmical reaction processes,
petroleum, pulp and paper, as well as in many watgling applications. Some
basic features of PHE’s include high efficiency awmmpactness (i.e., high heat
transfer capacity per unit volume compared to cotigeal, shell-and-tube heat
exchangers), high flexibility for desired load apassure drop, easy cleaning,
and cost competitiveness.

While PHE’s became popular for liquid-to-liquid heeansfer duties, their use in
phase-changing applications was not common inptidlefore the 1990’s such
applications were mostly in the fields of concetmigaliquid food and drying of
chemicals (Usher, 1970, Kumar, 1993). Applicatiomsrefrigeration systems
were rare, mainly because of concerns over refigdeakage, and also because
of the pressure limits required, especially on emsation applications. In the last
two decades, with the introduction of semi-weldad brazed PHE’s, this type of
exchanger has been increasingly used in refrigeragystems, from domestic
heat pumps to large ammonia installations for weldting duties.

Heat exchangers, including PHE’s and other types,dasigned and employed
according to two criteria: heat transfer and pressliop. Characteristics of the
heat exchanger’s thermo-hydraulic performance lageptimary interest of most
investigations. The corrugated channels of PHE'seharobably the most
complicated geometry of all flow ducts. As the namlof applications has



increased, single-phase flows in PHE’s have beeh imeestigated in the last
few decades. Although a general theory about tfieeince of some geometric
parameters is lacking, due to the complex geonudtthe flow channel, a large
number of correlations for heat transfer and pmessiiop are available in the
open literature. The number of published invesiigat on two-phase heat
transfer and pressure drop in PHE’s is increasimgidnot yet comprehensive.
Due to the complexity of the two-phase flow progessrigorous theoretical
analysis is not feasible. The fundamental undedstgnof the flow boiling
mechanism in this type of channel is rather limi#&dew two-phase flow boiling
heat transfer and frictional pressure drop corieiat exist in the literature,
obtained from water, R-22, R-134a, R-410a, and anm@molhe coverage of
important flow boiling parameters, including theahflux, mass flux and vapour
fraction, is usually limited and unsystematic ahd bperating conditions vary.
As a result, there is not a generally acceptedutation method for flow boiling
heat transfer and two-phase pressure drop for PiHpoeators. Although
accurate and complex formulations were developedhbgufacturers, based on
many Yyears of research and systematic testing afcifsgd plates and
arrangements, these formulations are confidentidlcdosely guarded.

Vapour-compression refrigerating machines employiidE evaporators have
been used for some years in South African deepngifdr water-chilling duties.

For the requirement of large cooling loads (wekio¥ MW) and also for thermal
efficiency, liquid over-feed systems are usuallynsidered rather than direct
expansion (DX) systems. System modelling of theewahilling machines has
been difficult due to the shortage of reliable mfation to model the evaporator
performance. Such a need motivated an extensiweguwnd new research on
PHE evaporator performance analysis, to obtain lalatad thermal-hydraulic

model of PHE evaporators which can be used in thilation of compete

refrigeration systems.

1.2 Obijectives, Scope and Methodology

The purpose of the present study is to investifaeperformance of plate heat
exchangers used as refrigerant liquid over-feegp@wedors. The objective is to
extend the present knowledge of the thermo-hydrapérformance of PHE
evaporators with consideration of flow conditiomsaSs flux, heat flux, vapour
fraction) and channel geometries (chevron anglBisis study aims to obtain a
generally applicable model, which is able to previdesign and operating
guidelines for this type of evaporator, and to Isedufor the simulation of
complete refrigeration systems. The specific olpjestof this thesis are:



1. To carry out a thorough literature review on plaat exchangers, their
terminology, working principles, single-phase periance characteristics
and most importantly the state of the art of eviahgathe flow boiling heat
transfer and two-phase frictional pressure dropH channels,

2. To obtain single-phase water-water heat transfdrpmassure drop data for
a range of PHE's. This serves to provide a quamngainderstanding of the
performance of PHE’s in single-phase applicati@ams] to provide accurate
water-side heat transfer coefficient informationtfte PHE evaporators.

3. To obtain flow boiling heat transfer and two-ph#&s$etional pressure drop
data, to cover various refrigerants, flow condifamass flow rate, heat
flux, vapour quality), and channel geometries (cbhe\angles).

4. As the final and principal aim, to extend the prgsknowledge of the
thermo-hydraulic performance of PHE liquid overdeevaporators. It is
the task of this study to develop general correteatiwhich cover more than
one refrigerant and must be able to predict thegefant flow boiling heart
transfer and frictional pressure drop with reastaabcuracy.

There are a few types of PHE’s available, but #stisdy was limited to the
chevron (herring-bone) corrugation type. Inlet flovenditioning (normally
commercially available via flow distributors) wastrconsidered. A laboratory
experimental facility was to be constructed. Thality was to be designed as a
liquid over-feed system. This type of system is enfiexible for experimental
purposes compared with dry expansion and thernterigystems, giving a wide
spectrum of possibilities for evaporator runninghaitions. The experimental
equipment was to employ multiple PHE units coverlifferent chevron angles
which are typical of industrial applications, araous refrigerants needed to be
used. Development of a flow boiling thermo-hydrautodel of the evaporators
was to be carried out based on the experimentaltsesvith the assistance of
statistical analysis.

1.3 Structure of the Thesis

This thesis contains eight chapters. Chapter ligesvan introduction to plate
heat exchanger applications in refrigeration, feltd by the objectives, scope,
motivation and methodology of the current studyafkr 2 provides a critical

! Flow distributors are designed to gain uniforowfldistribution among channels. This kind of
device is more commonly employed in DX evaporatdrise Effect of distributors on the
thermo-hydraulic performance of a PHE is hard ttinege, and for the sake of clarity and
simplicity, distributors are not used in the prassady.



review of the literature. This chapter includesharbugh examination of the
established theories and methods for flow boiliegthtransfer and two-phase
pressure drop in general, an in-depth review ofeplaeat exchanger theory,
terminology, working principles, and single-phassfprmance characteristics,
with special attention then paid to flow boiling atetransfer and two-phase
frictional pressure drop characteristics in PHEnrteds. Chapter 3 provides a
detailed description of the experimental facilityycluding the plate heat
exchangers, the water test facility and the refage evaporator test facility,
instrumentation and the data acquisition systemap@r 4 describes the single-
phase performance tests with water. Chapter 5 aeslthe results of previous
field tests on large-scale PHE water-chillers eryiplp ammonia and R12.
Chapter 6 presents results of the evaporator pedoce tests using R134a and
R507A. Chapter 7 discusses the results of the aiagdysis, and presents the
development of thermal and hydraulic correlations PHE liquid over-feed
evaporators. Chapter 8 summarizes the overallteeanld gives suggestion for
future work and experimental facility design.



CHAPTER 2

LITERATURE REVIEW

2.1 Pool Boiling

2.1.1 Overview of Boiling

Boiling is a thermodynamic process occurring apladdiquid interface in which

a fluid is heated by a surface with a temperatbva the saturation temperature
of the liquid which changes from liquid to vapounase.Pool boiling is the
simplest form of boiling with the heating surfacgirng immersed in a large pool
of stagnant liquid. If boiling occurs in a liquiddt is in motion relative to the
surface, it is calledorced convective boilingor flow boiling. In both types,
depending on whether the main body of the liquidhie vicinity of the heated
surface is at (or slightly above) or below the satian temperature, either
saturated boilingor subcooled boilingpccurs, respectively.

Boiling occurs only when the temperature of thedsslrfaceT,a exceeds the
liquid saturation temperatur€s, corresponding to its local pressure. Heat is
transferred from the solid surface to the liquisl,can be expressed by Newton’s
law of cooling:

T

sat

q=h(T,

wall

)= T,

< (2. 1)
whereATsa = Twan - Tsat IS called the excess temperature. Equation @hp)ies
to all types of phase-changing heat transfer, gholy pool boiling, flow boiling,
and condensation. Generally, heat transfer coeffisi associated with phase
changing, including boiling and condensation, aeér compared with those
associated with single-phase forced and naturalexiion.

The process of boiling is characterized by the ftram of bubbles, which grow
and detach from the surface. Vapour bubble growth dynamics depend, in a
complicated manner, on the excess temperaturejngeatrface nature, and



liquid properties (Incropera and DeWitt, 1990). ilBg is a complex
phenomenon that is difficult to model analyticalespite many works on
bubble dynamics, boiling nucleation, influence i&ef convection, etc., a reliable
and accurate analytical theory is not available.

2.1.2 Pool Boiling

Nucleate pool boiling is affected by various parter& In many cases, an
accurate quantitative description of those pararsdtet affect the heat transfer
coefficient is very difficult. The three most invigmted parameters include heat
flux, saturation pressure, and the thermo-physocaperties of the working fluid
(Pioro et al.,, 2004). Despite the large number uiclas on the subject, a
theoretically consistent calculation method on gwaling heat transfer does not
exist (Gorenflo, 1999). The process of pool boiling best described
experimentally by the boiling curve, as availablenf most heat transfer text
books. Briefly, four boiling regimes are found irogb boiling, with unique
characteristics, those are natural convection,eatelboiling, transition boiling,
and stable film boiling. Of those, the nucleatelibgi region is the primary
interest of industry applications.

Data from nucleate pool boiling experiments areallguitted with expressions
such as (Thome, 2003):

qUAT," (2.2)

where the exponent is of the order of 3. Collier (1983) pointed ouat the
value ofn is dependent on the physical properties of thadignd vapour and on
the nucleation properties of the surface, normallyhe range of 2 - 4, with a
most probable value around 3 to 3.3. Wiith= 3, it can be obtained from
Equations (2.1) and (2.2) that:

hO g2 (2. 3)

Literally there are hundreds of pool boiling coatedns that have been proposed,
and those can be classified into several group®rdicg to the assumed
dominating mechanism, for example, bubble agitatr@duced pressure, fluid
physical properties, etc. Some of the well orgaizznd widely quoted
correlations include those of Rohsenow (1952), Istapand Abdelsalam (1980),
Cooper (1984), Gorenflo (1993). Thome (2003) pre=ska detailed examination
of those correlations. Three of those correlatiares employed in the present
study for comparison purposes, and are given below.



Stephan and Abdelsalam (1980) Correlation

%:207(q_%]' (ﬂj (&j 2. 4)
3 kT.) (o K

where Tga is in K, d, =0.01468\/ yol {g(,of —,og)] is the bubble departure

diameter arp = 35° is the contact angle. For refrigerar@g10° < P < 0.7¢,
mean absolute error = 10.57%.

Equation (2.4) is one of several correlations fasses of fluids including water,
organics, refrigerants and cryogens, developedhieyauthors using statistical
regression techniques.

Cooper (1984) Correlation

Cooper proposed the following reduced pressureesspon for the nucleate pool
boiling heat transfer coefficient:

h,, =55P,%** *2°%R (—|og10P, ¥ M~°5q % (2. 5)

Note that this is a dimensional correlation in vhic

h.,, nucleate boiling heat transfer coefficient, W),
g, heat flux, W/m

P., reduced pressur®, = P/ P, whereP_,
M , molecular weight of the fluid,

R,, surface roughness parameter in [Rp=1 um for unspecified surface.

is the critical pressure of the fluid,

Cooper’s correlation is for nucleate pool boiling @lane surfaces; for boiling on
horizontal copper tubes$ is suggested to be multiplied by a factor of TIiie
correlation is based on a large range of data, rocoyeeduced pressures from
0.001 to 0.9, and molecular weights from 2 to ZIMis correlation has probably
the simplest form of all those available for nutdedoiling heat transfer.
However, for its accuracy this correlation has gdirpopularity among many
researchers. The very bagdiay relationship as suggested by Equation (2.3) is
clearly evident in this correlation. Collier anddrhe (1994) recommended this
correlation for water, refrigerants, and organicd$ with poorly defined physical
properties. Thome (2003) suggested this correlddogeneral use.



Gorenflo (1993) Correlation

h n R 0.133
—=F(P) {ij ( "] (2.6)
hO qO Rp,O

where

ho is the reference heat transfer coefficient, base®, = 0.1 andR, o= 0.4um,
o = 20 kWi/nf is the reference heat flux,

F(P) =1.2P°*+258 +P [+ R), and n=0.9-0.R.°° for all fluids
except for water and helium.

The Gorenflo method is based on the concept ofcestipressure but also on a
reference heat transfer coefficient at specifiesh@gard conditions. The reference
value ofhg are given by the author for a selection of flulésr fluids outside this
selection, additional correlations determining risierenceny are needed.

2.2 Flow Boiling

Flow boiling, or forced convective boiling, can leatwo categories according to
the surface geometry: internal flow and externaivl Internal flow boiling is
associated with bubble formation at the inner srfaf a heated channel through
with a liquid flowing. Bubble growth and separatiare believed to be strongly
influenced by fluid motion, and hydrodynamic efteddiffer significantly from
those corresponding to pool boiling (Incropera BedVitt, 1990).

The process of flow boiling is associated with éxéstence of various two-phase
flow patterns and is difficult to model. In theelititure, it is generally agreed that
flow boiling heat transfer has two fundamental comgnts:nucleate boilingand
forced convectionThe nucleate boiling part resembles the nuclpate boiling
heat transfer in which heat is transferred intdkBluid by means of local bubble
nucleation, growth and subsequent departure froen gtrface. The forced
convection part is simply assumed as a representaif single-phase heat
transfer. The total heat transfer coefficient ifcekated by combining the two,
with weighting. The combined effects of the two guments are not well
understood, many hypotheses have been proposest] baswhich correlations
have been developed. Usually the forced convecpiart is believed to be
enhanced, because the fluid velocity, which isdbeninating parameter in single
phase convective heat transfer, is higher in twasphflow than in single-phase



liquid flow given that the channel cross-sectionpgrtially occupied by gas
(vapour) phase. Other the other hand, the nucleztemg part is suppressed due
to the fact that forced convection effect redudes thermal boundary layer
thickness on the heated surface, and thus suppriegbble nucleation.

2.2.1 Flow Patterns

Various flow structures are observed in flow balirand those are defined as
two-phase flow patterns with identifying characteéds. Flow patterns of vertical

and horizontal flow generally differ, as flow indmontal pipes is influenced by

the effect of gravity, which acts to stratify thiguid to the bottom and the

gas/vapour to the top of the channel. Refrigerardperators usually have

vertically orientated channels, where two-phaseidigand vapour refrigerant

flows in a co-current upward manner.

Four flow patterns are usually identified for veali up-flows in conventional
tubes: bubble, slug (plug), churn, and annular (Mtén and Whalley, 1985).
Figure 2.1 gives the flow patterns in an uniforrhBated vertical tube with a low
heat flux, with associated wall and fluid temperatuariations and heat transfer
regions. Churn flow is not present in Figure 2.0t b can be identified as a
highly disturbed flow pattern between slug and danélow. Flow patterns in
horizontal flow will be somewhat different from @ shown in this figure. Taitel
and Dukler (1976) specified five flow regimes inrizontal two-phase flow,
those are smooth stratified, wavy stratified, imtigtent (slug and plug), annular
and dispersed bubble. It should be pointed outdhato-phase flow pattern is a
subjective observation, and there is no generasagsy method which identifies
and describes flow patterns precisely.

One simple method of representing flow pattern ditteons that occur at
particular local conditions is by the form of a tdimensional flow pattern map.
Respective flow patterns are represented as ameaa graph, with the co-
ordinates being most often chosen as superficiab@hvelocitiesj; and j, or
other generalized parameters containing these iekcCoordinates of flow
patterns can be arbitrarily chosen, as pointedogulaitel et al. (1980). Because
there was little theoretical basis for selectiorcobrdinates, their generality and
accuracy are limited. Nevertheless, flow pattermpsnhave long been widely
used in the industry, the most recognized onespewbably that proposed by
Hewitt and Roberts for vertical flow, and that aik&r for horizontal flow.

The channel geometry of a plate heat exchangeeris different from a straight
circular tube; flow patterns identified in convemtal tubes may not be entirely
applicable. For example, due to the highly threweatisional flow directions,
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Figure 2.1: Flow patterns with associated heasfarregions in
uniformly heated tube with a low heat flux (Colleend Thome, 1994).

annular flow is not likely to be present. Investigas on flow patterns in plate
heat exchangers have been very few, and limitextit@batic air-water flows, as
will be discussed in Section 2.7.1.

2.2.2 Flow Boiling in Microchannels

Channel diameter is an important parameter whichamaeffect on flow boiling
heat transfer. As the channel diameter decredsedyubble departure diameter
reaches that of the flow channel; some macro-dbalenal and fluid phenomena
may be suppressed, while others may be enhanaedx&mple, surface tension
forces may become important. Another important edéhce in two-phase
microchannels flows, compared with macro-chanml/§l, is that the liquid flow
is laminar at most conditions, with typical valu#gsReynolds number from 100
to 4000 (Thome, 2004a, Peters and Kandlikar, 20R@adlikar (2004) showed

10



that the flow boiling phenomena in micro-channete &ery similar to the

nucleate boiling phenomena, with the periodic duy-and rewetting of the wall

having the same characteristics. Thome (2004) oded that nucleate boiling
controls evaporation in microchannels. Flow boillvesat transfer coefficients are
largely dependent on heat flux and saturation preswhile they depend only
slightly on mass velocity and vapor quality. It seeclear from the majority of
experimental results, as summarized by Bertschl.e(2808), that nucleate
boiling plays a major role in flow boiling in miocthannels, while the convective
boiling mechanism is diminished.

It should be mentioned that the classification afroy and conventional channels
is not very well agreed in the literature. Many esmental investigations on
“micro-" or “small” channels, as termed by diffetemuthors, have covered the
channel equivalent diameter range from 0.2 to 3 rang this range might
probably be taken as a rough assessment. Platexdanger channels usually
have hydraulic diameters from 3 to 10 mm, and ar¢he midrange between
micro- and conventional size channels.

2.2.3 Flow Boiling Heat Transfer Correlations

To date there is no general theory witch can ptetimling heat transfer
coefficients with satisfactory accuracy, due to tleficiencies in the
understanding of the complex thermo-hydraulic psses involved. The
prediction of heat transfer remains essentially ieing). Numerous correlations
have been developed, many of those being inconsigtith others, and should
be reviewed critically. For the purpose of the eatrstudy, only those most
known and verified correlations which are applieatar vertical conduits and for
pure substances are introduced in this section.

It is highly important to note that all those cdateons givelocal values for the
predicted flow boiling heat transfer coefficienfhe flow boiling heat transfer
coefficient is defined by Equation (2.1). In genéha&re are three types of models
existing in the literature for evaluation of flowibng heat transfer. All types
utilize the assumption that two distinct mechanismsleate boiling and forced
convection, have contributions to the overall flowiling heat transfer. These
are:

1. The superposition models assuming that the flovirgpicoefficient is an
additive of nucleate boiling and forced convectioontributions, with
weighting factors for each. The Chen 1966 correfatis a typical
representative of this category of modelling. Ttyige of correlation has
the form

11



h, = SCh, + Eh 2.7)

wherehy, is the two-phase flow boiling heat transfer caeéint, hy, is the
nucleate boiling heat transfer coefficient, dmds the single-phase liquid
convective heat transfer coefficien6 and E are suppression and
enhancement factors, respectively.

2. Models that use the larger of the two compondmisandh;, as the two-
phase flow boiling heat transfer coefficient, witla calculated by modified
correlations. The Shah (1982) correlation is orengpde of this type.

3. The asymptotic models that combine the two compisnesing a power-
law type of equation:

1/n

hy =(he" + ") (2.8)

The mathematical behavior of the asymptotic modethat atn =1, the

model is a superposition model, for large values, &f, tends to the larger
of the two components. The Steiner and TaborekZ)L@8rrelation is a
representative of this type.

Chen (1966) Correlation

Based on 665 data points for water and some hyrbyons, in the conditions of
vertical, saturated flow boiling, Chen (1966) preed his later widely adopted
correlation. It is postulated that two basic mectras take part in the heat
transfer process for saturated flow boiling: thecroneconvective mechanism of
single-phase liquid forced convection and microvemiive mechanism
associated with bubble nucleation and growth. Tibe fboiling coefficient is
expressed in Equation (2.7), withbeing denoted b¥ in the original paper. In
this method, the component of forced convectiorakulated by the Dittus-
Boelter equation:

h, =0.023 Re)"*( Pr) °"”;—f (2.9)

where Re, =G (1- x)d /4, , is the Reynolds number for liquid fractioh, is

calculated using the Forster and Zuber analysisuafeate boiling correlation,
modified to account for the reduced average supgrimethe thermal boundary
layer for bubble nucleation at the wall:
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h,, = o.00124{k jATsatO'z“A P07 (2. 10)

where AT, =T, 4T
saturated vapour pressure correspondingyTg,, AP, = P_(T,)— P (T Itis

important to note that Equation (2.10) is deriveahf non-dimensional equations
(Forster and Zuber’s correlation for pool boiling}, suchg. is needed only with
English units.

is the excess temperaturBP,, is the difference in

wall sal

As already noted, the effect of forced convect®pastulated to be enhanced due
to the fact that liquid phase fraction flow velgc$ increased, while the nucleate
boiling part is suppressed because a sharper tatopergradient at the wall is
created by the forced flow, which has an adverfezedn bubble nucleation. The
enlargement factof, is always greater than unity. The author arguned F is
strictly a flow parameter, and therefore can beumesl as a function of the
Martinelli parametetX;*. S was estimated as a function Bfand Re F andS
were both given graphically in the original pap€ollier (1983) later proposed
the following curve fitting equations for these tywarameters:

1 foris 0.]
t
F= 1 0.736 1 (2.11)
2.3{—+ 0.21% fo—> 0
Xl‘t xtt
S= ! (2. 12)

1+25% 10°( ReF#)""

The Chen correlation is based on 6 different dateices of over 600 data points.
The correlation is for vertical flow only, and \@lior pressures in the range of 1-
35 bar, vapour quality 0-0.7, heat flux 6-2400 k\&/fiquid inlet velocity 0.06-
4.5 m/s. One shortcoming of Chen’s correlationhst & rather large number of
physical properties are required, and since thd teahperature is not known
beforehand, an iteration procedure is needed sulzlon.

Chen’s correlation is among the oldest yet mostelyidused correlations for
saturated flow boiling heat transfer in verticahohels. The correlation showed

0.9 05 01
P Xy = (uj (%] (ﬁJ for straight pipes. For more details refer to ®ecp.3.3.
X f /ug
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excellent agreement with the data analyzed by Clmenyvever, some later

researchers have reported that this correlation ndid agree well with their

experimental data, such as Kandlikar (1990) andg@uand Winterton (1986).

Especially, large deviations with refrigerant datae been observed (Liu and
Winterton, 1990, Kandlikar and Nariai, 1999). Basedthe form of Equation

(2.7), large numbers of correlations have beengseg since Chen’s correlation.
Many modifications and analytical examinations e Chen correlation can be
found in the literature in the effort of expandihg correlation to more fluids and
operating parameters, for example, Bennett and Ct@80) and Edelstein et al.
(1984).

Shah (1976, 1982) Correlation

Shah in 1976 proposed a general correlation irfdhma of a graphical chart for
the estimation of heat transfer coefficients dusiagurated boiling at sub-critical
heat flux in tubes and annuli, both vertical andzental. Equations representing
the chart correlation were presented in his 198R@epaSimilar to Chen, he
included the two distinct mechanisms: nucleateimgibnd forced convection.
However, instead of adding the two contributioihss imethod chooses the larger
as the final result. No explicit nucleate boilirgrh is used in this method, while
the two mechanisms are both attributed to a haaster enlargement factor
Three flow boiling regions are defined: a nucldadding dominant region at low
vapour qualityx, a convective dominant region corresponding tdlxigand in
between a bubble suppression region where both anexhs are significant. In
the development of this chart correlation four diasienless parameters are
employed, defined by:

h,
w=—2 (2. 13)
hf
0.8 0.5
Co= (ﬂj (&j 2. 14)
X Ps
q
Bo=—— 2.15
Giy, ( )
2
Fr, = ,ongd (2. 16)
f

Co is the convection number, first introduced bylsim this correlation. Co is
proposed to be a replacement of the MartinelliapaaterX;, since the viscosity
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ratio was found to have no significant influencehe other three dimensionless
parameters have been used in prior correlationsis the heat transfer

enhancement factor, Bo is the boiling number andidthe Froude number
assuming all mass flow as liquid. In this method #ingle-phase liquid heat
transfer is calculated, again, by the Dittus-Bae#tguation with only the liquid

fraction considered. The chart form correlatiorvésy convenient to apply. For
the equations representing the chart, the methaghasvn as follows. First a
dimensionless parametidris defined:

Co vertical, horizattwith Fr, > 0.4

N = o _ _ (2.17)
0.38Ff 7° Co  horizontal with F< 0.4

Now a second parametérns defined as:

I::{15.43 Bx 1t 10 2. 18)

14.7 Be 1% 10

Three flow boiling regimes are defined, accordimgN, which is mainly a
function of the vapour quality. These are the nucleate boiling dominant regime
at lowx (high Co), the convective boiling (forced conven)i dominant regime at
high x, and in between a bubble suppression regimeNEd.0, the heat transfer
enhancements are calculated by:

230Bo°® Bo> 0.3 10°
Y., = s , (2. 19)
1+ 46 Bo™ Bo< 0.% 10
1.8
W, = o3 (2. 20)

The final heat transfer enhancement is the larftreotwo:

W =max(y ., ¥ ) (2. 21)

For N < 1.0, flow boiling heat transfer is dominated b ttwoiling suppression
region and the convective boiling region. The folilng equations apply:

F Bo%%e2™™ 0. N< 1.
Wy = (2. 22)

F Bo%5e2™ ™" N< 0.1

wep IS calculated with Equation (2.2@).equals to the larger @f,s andyp:
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@ =max(y oo ¥ o) (2. 23)

Shah'’s correlation is based on 800 data points ft8rmdependent experimental
studies and found to have a mean deviation of TA8%se data included most of
the common refrigerants in their whole range ofliappions and water, with
pressure between 1 to 170 bar. Almost all commpe materials, horizontal and
vertical, circular and annular, upward and downwaede considered, and a wide
range of heat and mass flux was covered. Because géneral applicability, the
correlation has drawn considerable attention frbm research and engineering
community since its publication, and has gainedaigrsuccess. The Shah
correlation is convenient to apply, and is probahk most widely accepted one.

Gungor and Winterton (1986) Correlation

Gungor and Winterton (1986) proposed a Chen typecafelation, while
modifications are made to extend its use in sulezbak well as saturated boiling,
and for applications to tubes and annuli for bahtical and horizontal flow. The
structure of this correlation is the same as tfhahe Chen correlation, which is
reproduced by:

h, = SCh,, + Eh (2. 24)

The authors argued that the convection heat trapaf¢ is enhanced not only due
to the two-phase void fraction, a parameter congeatly correlated by the
Martinelli parameter, but also by the generatiovaour itself; the latter can be
represented by the boiling number. Therefore, postulated that:

E = f(X,,Bo) (2. 25)

The suppression fact&is assumed as a function Bfand Re Both factors are
found with iteration procedures. The Forster antbetupool boiling correlation
used in the Chen correlation is replaced by Cospé&r984) correlation. For
liquid forced convection heat transfbr, the same Dittus-Boelter equation is
used. Using the saturated boiling tube datandS are expressed:

0.86
E =1+ 24,000 BJ "+ 1.3%)%] (2. 26)

tt

S= 1
1+1.15x 10°E* Re™"

(2. 27)
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All properties are evaluated at the saturation &natpire. For horizontal tubes in
which the Froude number is less than 0.@5,should be multiplied by

E, = Fro¥ 27 andSmultiplied by S, =~/Fr, for which the Froude number Fr

is defined the same way as in the Shah correlatiorsubcooled boiling the
equations still apply and the expressionBEdoecomes unity since there is no net
vapour generation.

The Gungor and Winterton correlation is based targe data base of 3693 data
points, covering water, refrigerants (R11, R12, RRA13, and R114), and
ethylene glycol. The authors compared their cotieawith some of the
previous correlations including those of Chen ()9&hah (1982), Bjorge et al,
(1982), against the data bank. Good agreement \eas svith the Shah
correlation for saturated flow boiling, while otseshowed poor agreement. In the
comparison, both the original Chen correlation andater modification by
Bennett and Chen (1980) give poor results withgefants.

Gungor and Winterton (1987) Correlation

Gungor and Winterton (1987) modified their 1986 retation, obtaining a
simpler and more accurate one. The new correlaiaemarkably simple with
the form:

h, = ECh (2. 28)
where
0.75 0.41

E =1+ 3000 Bd**+ 1.1éij {&] (2. 29)

1-x Py

0.8
G(1-x)d

h, =0.02 G(1-¥d pros ke (2. 30)

H; d

Compared with the same authors’ 1986 correlatibig noted that the nucleate
boiling term is eliminated (see Equation 2.24). Whhe effect of the nucleate
boiling still exists, the authors argued that thiect can be lumped in with the
enhancement factd. Furthermore, since no significant role of thecowty ratio

us | g has been reported, for sake of simplicity of tber@ation the Martinelli

parameter is replaced by quality and density ratioth exponents of each term
determined by experimental data. A similar treatm®found in the Shah (1982)
correlation, where a new term, the convection nun@® is introduced by Shah
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to replace the Martinelli parametes. The basic difference between the two
parameters is that Co does not have the termy.

The Gungor and Winterton (1987) correlation is dase 4202 data points for
saturated boiling in vertical and horizontal tulzesl annuli. The correlation is
very simple, and among the most often cited ond®ahS(2006) recently
conducted an evaluation of six of the most verifiedelations of flow boiling in
tubes and annuli, of those only the Shah (1982)thadGungor and Winterton
(1987) correlation gave good agreement with a lalgmbase of 30 fluids, at a
mean deviation of about 17.5%.

Liu and Winterton (1991) Correlation

Liu and Winterton in 1991 proposed a new flow baliheat transfer correlation.
In this correlation Chen’s basic postulate thathbébrced convection and
nucleate boiling mechanisms play a role in flowlibgi heat transfer was used;
however, whether these two mechanisms are simpijtiael was questioned.

Gungor and Winterton (1987) had previously pointa, with a detailed

comparison with experimental data, that the Chenetation considerably over-
predicts the heat transfer coefficient at high fguakgions, and under-predicts
that in the low quality regions. Based on this obaton, Liu and Winterton

postulated that in high quality regions the nu@datiling mechanism must have
been more greatly suppressed than that predictetiecohen correlation. As a
result, a power law type of equation was proposed:

1/2

h., =[(smb)2 +( FO) 2} (2. 31)

Equation (2.31) can be viewed as an asymptotic tequavith n = 2. The
asymptotic equation has the advantage over simghdiitiee equations in that
nucleate boiling is further suppressed oRde is appreciably larger the®hyp,. h;

is again calculated with the popular Dittus-Boektquation, however, differently
from all previous researchers, Re is calculated lite entire mass flow rate
rather than the liquid fraction, this treatmenther increases the effect of forced
convectionhyy, is calculated from Cooper’s pool boiling correbati

It is clear in the development of the Chen typecafrelation, including that of
Chen (1966) and Gungor and Winterton (1986), atsthe Liu and Winterton

correlation, that the dominant term is the forcedwection termF - h;. In the

attempt of developing expressions for the factor@ndE in a later stage), the
authors argued that correlations for saturatedrgpivithout an explicit nucleate
term but relying only on the boiling number corfentdo not work for subcooled
boiling. Also, a Prandtl number dependence showdinziuded because an
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enhancement of the Prandtl number effect is expdecés a result of the
sharpened temperature profile across the flokor these reasons, the boiling
number term Bo is completely removed, and a Pramaithber dependence is
addedF andE are found by regression analysis and given by:

F {mpq (&- H (2. 32)
Py

S= 1
1+ OOST 0.1 RQ_W 0.16

(2. 33)

where Re,,, =Gd /y; is the Reynolds number with the entire mass flate r
flowing as liquid.

The Liu and Winterton correlation used 4300 datantsofor saturated and
subcooled boiling from 28 different sources involyiwater, refrigerants, and
some hydrocarbons. The authors carried out a cosgpaof their correlation

with some other correlations against a large dat&kpbwhich showed that only
the Liu and Winterton correlation (mean deviatidr2b.4%) and the Shah (1982)
correlation (mean deviation of 21.9%) give reastmagreement with all of the
saturated boiling data.

Kandlikar (1990) Correlation

Kandlikar (1990) presented a general correlatioedijoting the heat transfer
coefficient in flow boiling. Following the schema the Shah correlation, two
regions of flow boiling are identified: the nucledtoiling dominant region and
the convective boiling dominant region, accordiaghe convection number Co.
The final flow boiling coefficient is chosen as therger of that calculated
separately for the two regions. A fluid dependeatrameterFy; is newly
introduced, for extending the correlation to otfiards. The final form of the
correlation is given by:

i, =max{ M ueo Ny o) (2. 34)
c e
! Pr:h:—'mp =£:momentum'd|ﬁl'Js:|V|ty , Pr>1 physically indicates that
k  k/(pc,) a  thermal diffusivity

momentum diffusivity is greater than the thermdfugiivity, resulting a flatter velocity profile
than the temperature profile across the flow. dnvfboiling a sharpened temperature profile at
the vicinity of the wall is expected, compared wittat of single-phase flow heat transfer,
because the bulk of the flow is at, or very clasestituration temperature.
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where the subscriptdBD and CBD refer to the nucleate boiling dominant and
the convective boiling dominant regions. The catieh for vertical tubes and
horizontal tubes with Froude numbéir, >0.04, is

h
— P8 =0.6683C0°’+ 1058.0BY'F,
(1-X)°"h
. (2. 35)
— P =1.136C0*°+ 667.2B6F,
(1-4°"h

The single-phase liquid-only heat transfer coeéficih, is calculated by the

Dittus-Boelter equation, with the Reynolds numbemputed by the liquid
fraction only, i.e.,Re; =Gd (1~ x) /i, . This treatment is the same as used by

Shah. All three dimensionless groups, Cgs, Fand Bo are the same as given in
the Shah correlation. Values for the fluid depengemametefF; were reported
for 10 fluids including water and some common gerants, and later for R134a
in another paper (Kandlikar, 1991), those values sirown in Table 2.1. This
later paper further reported that all values agiegble to copper tubes only, for
stainless steel tubég =1.

The Kandlikar correlation is based on 5246 datentgofor water and some
refrigerants from 24 sources. Introduction of thuedf dependent parametét, in

the nucleate boiling term can be viewed as an itapbaspect of the Kandlikar
correlation. It is clear that this correlation Heeen developed under the scheme
of the Shah correlation; however, not much improsetmhas been shown in
either accuracy or physical basis. The correlatiwas later extended to
microchannels and minichannels by Kandlikar andng&(2003) by introducing
the use of laminar flow equations, good agreemetit experimental data were
reported.

Table 2.1: Fluid dependent paramekgrin the Kandlikar (1990)

correlation
Fluid Fs Fluid Fs
water 1 R113 1.30
R11 1.30 R114 1.24
R12 1.50 R134a 1.63
R13B1 1.31 R152a 1.10
R22 2.20
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Steiner and Taborek (1992) Correlation

Steiner and Taborek (1992) proposed a new generatlation for boiling in

vertical tubes. The correlation has an open-endatiife, i.e., parts of it might be
exchanged to fit the problem at hand without irdatiing the final results. The
local two-phase flow boiling coefficient is obtath'om an asymptotic equation:

=(h,,"+h,")" (2. 36)
The exponenh is to be assigned on empirical grounds to theevtthat gives the
best fit of the data seh.=3 was obtained by the authors on evaluating taeje
and diversified database. Liu and Winterton (1994¢d this type of model in
their correlation witn =2. This so called “asymptotic model” is accepasdthe
most logical model (Darabi et al., 1995). Asapproaches infinity, it represents
the case of the “greater of the two componentshilar to the correlations of
Shah (1982) and Kandlikar (1990). For=1, it represents the superposition
model, as that of Chen (1966) and Gungor and Wonef1986). The local flow
boiling heat transfer coefficient is given:

1/3
htp :[( hnb,OFnb)3+(hfoFtp)3} (2 37)

where

hwo is the local “normalized” nucleate pool boilingefficient at standard
conditions of heat flux and reference reduced pressiyre

Fnn is the nucleate boiling correction factor that gemsates for the
differences between pool and flow boiling.

hy, is the local liquid phase forced convection caiééit based on the total
mass flow as liquid.

Fp is the two-phase multiplier that accounts for teahancement of
convection in a two-phase flow, assumed as a fanaf vapour qualityk
and the liquid/vapour density raiig/ pg.

For hnp,o, the standard conditions refer to reduced pred3us®.1, mean surface
roughnes<R, =1 pum, and the heat flux with specified values ffaur types of
fluid classes (inorganic, hydrocarbons and refages, cryogens, Helium Ih o
can be obtained from experimental data or a cdroelaf the user’s choice, for
example, the Cooper (1984) pool boiling correlation

The nucleate boiling correction factét, is given by:
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nf d -0.4 R 0.133
_ q p
Fo=F 2] | & F (M (2. 38)
’ pf(qu Ldoj (Rp,OJ ( )

F, =2.816, 0-45+( 3.4 1'Ff . j P 37

where,

of = 0.8- 0.B"™ for all fluids except cryoge
0.7-0.12"'%  for cryogens
F(M)=0.377+ 0.199IfM ) + 2.8427 I8M ?

The authors excluded the notionFef, as a “nucleate boiling suppression factor”,
which has been conventionally used for the comectactor forh,, since no
effect of mass velocity and vapour quality on flonrcleate boiling had been
observed by the authors, over wide ranges of hieat dnd pressure. It is
therefore concluded that a nucleate boiling “suggi” does not occur in flow
boiling. In Equation (2.38)Fyr is a pressure correction factor valid fr<0.95.
F(M) is a correction factor accounting for the effe€tmolecular weight. The
reference tube diametep is equal to 0.01 m, and reference surface roughnes
Roois 1 pm which is about the average for commetaiaés.

hr, is calculated with the total mass flow as liquitie two-phase multipliefy, is
calculated as:

11

0.35
[(1— X)1'5+1.9x°'6(&] } 0< x< 0.€

Py

Fi = !(1— x)"*+1.9x%(1- X) °'°1(&J | ] (2. 39)

Py
0.6<x<1

-2

The termsx®* and (1-x) °*! were included to arrive at the proper limits at
x=0 andx=1.

The Steiner and Taborek (1992) correlation is based very extensive data base

of 12,607 data points, including 10262 for wated ahe remaining for four
refrigerants (R11, R12, R22 and R113), seven hydbmns, three cryogens and
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ammonia. Besides, much effort has been placed enplttysical basis of the

model respecting the established principles of pmal convective boiling, rather
than relying on statistical development of corielas. The correlation is well

structured with logical basis and currently regdrde the most accurate vertical
tube boiling correlation for pure fluids (Thome,0&) Ghiaasiaan, 2007).

A Summary

It is difficult to predict the boiling coefficientaccurately because of the
complexities of the mechanisms. The large numbdtoaf boiling correlations
available in the literature reveals the fact that subject is under extensive
investigation yet is not well understood. To dateirmdamental understanding of
the heat transfer mechanism in flow boiling, or @yling, is still in need. Since
the success of Chen’s 1966 correlation, it has badealy accepted that two heat
transfer mechanisms apply to flow boiling — nudaedioiling and forced
convection. Various approaches have been propasezbrnbining these two
contributions, resulting in three types of modeliwhich essentially cover all
correlations available.

All types of correlations were developed empirigalith important functions or
constants defined by experimental results. Withatt@umulation of experimental
data in the subject field, later researchers afte @buse larger and larger data
bases aiding the development of their correlati@td, there are deficiencies of
data available which place limitations on the aacyr of correlations. For
example, as pointed out by Gungor and Wintertor8)9there are at least two
such limitations, one concerns the difficulty of asaring the sometimes very
small temperature differences in boiling heat tf@ansanother limitation is that
the importance of the heat transfer surface camitias not been accounted for
adequately; with the lack of this information theee little justification for
attempting a complicated correlation procedure.sfitim (1983) noted that
prediction of two-phase flow parameters may camryacertainty of 50%, due to
the large number of variables encountered.

Comparisons of their correlations are often madealumyors with others against
the data base from which the new correlation it#aghis kind of comparison
has always favored the newly developed one. liways hard to say why one of
the approaches should be preferred to the othiexe they all possess merits as
well as shortcomings. The Chen correlation remelassic and always a popular
objective for modification and comparison. The SHaB82) correlation and
Steiner and Taborek (1992) correlation can be teghas the most accurate ones
that are currently available. All correlations hawdfferent underlying
postulations which could not be fully evaluatedhatihe current knowledge of the
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subject (it should be remembered that even the ledgye of single-phase flow is
essentially empirical.).

2.2.4 Estimation of Boiling Heat Transfer Coefficiat of
Refrigerant Evaporators

As already noted, most, if not all, general flowiling correlations available
provide methods to estimatecal heat transfer coefficients of the liquid. A
number of those correlations are recommended by R¥H (2005 ASHRAE
Handbook: Fundamentals) to estimate local heatsteancoefficients of
refrigerants during evaporation, including the Gomgnd Winterton (1986),
Kandlikar (1999), Shah (1982), and the Chen (1%@8j)elation. For refrigerant
boiling inside tubes, the heat transfer coefficiehainges progressively as the
refrigerant flows through the tube, mainly as action of the mass flow rate and
vapour quality. It is difficult to develop a singlelation to describe the heat
transfer performance for evaporation in a tube akerfull quality range. Some
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Figure 2.2: Heat transfer coefficient vs. vapoualgy for partial
evaporation. (ASHRAE Handbook 1997: Fundamentals)
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correlations on average heat transfer coefficieiois specified refrigerants

evaporating in fixed size tubes can be found, f@aneple, Figure 2.2 shows the
graphical presentation of the boiling heat transteefficient of R22 in a

horizontal tube with an outside diameter of 19.6 mwhen the quality of

refrigerant is varied. However, in general the prioh of heat transfer

coefficient is difficult even for a given refrigerain a certain size tube with
specified flow rate (Stoecker, 1998). In the indusevaporator performance is
usually determined by actual testing of the evajpor@Dossat, 1991). It is a
common practice for manufacturers and designeevaporators to provide data
of heat transfer coefficients for certain typesesiaporators under ranges of
operating conditions, and gives the users and @gpmn engineers the
convenience of selection.

Despite the difficulty of predicting accurately thefrigerant boiling heat transfer
coefficient, the trend is clearly known. Figure 2I3ows the typical refrigerant
boiling heat transfer coefficient variation alongDX evaporator tube. The
changes in the heat transfer coefficient are aasamtiwith changes of flow
pattern as a function of the vapour quality anavfieelocity that change along the
tube. Refrigerant enters the evaporator with a lsfreadtion of flashing vapour as
a result of the sudden pressure drop across thansign valve. Along the tube
more refrigerant evaporates progressively and thlecity increases. At the
entering section, bubbles and plugs of vapour fdeng with the liquid; further

along the tube, the flow becomes annular with higlocity vapour rushing
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Figure 2.3: Heat transfer coefficient as refrigétamils in an
evaporator tube (Stoecker, 1998)
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through the center with liquid clinging to the ideisurface of the tube. Still
further the flow converts to a mist of non-equilin mixture of liquid droplets
and superheated vapour (sometimes called dry-octiuse the surface is no
longer wetted by liquid) till all liquid finally eaporates. For DX evaporator tubes,
annular flow occurs in most of the tube lengthSHRAE Handbook 2005:
Fundamentals

The distribution of heat transfer coefficients dsiaction of vapour quality helps

to understand why flooded and liquid overfeed evagos have some heat
transfer advantages. Single-phase vapour(gas) ctomne heat transfer is

associated with low heat transfer rates. In a Dbétthe heat transfer coefficient
tends to drop sharply after dry-out and keeps lowhe length of super-heating.
In flooded and liquid over-feed evaporators theigefant side surface area is
always wetted by the liquid refrigerant, which riésun a higher surface heat
transfer coefficient.

2.3 Two-phase Pressure Drop

2.3.1 An Overview

The total pressure drop for two-phase flow in tubmssists of three components:
pressure drops due to friction, acceleration (cekangnomentum), and elevation

total ic acce eley

The acceleration and gravitation pressure gradientponents are due to vapour
generation (or degeneration) and non-horizontandation of the flow channel.
Traditionally, the two most important modelling etls of two-phase gas-liquid
flow are the “homogeneous” model and the “separdted” model. Both
methods provide evaluations of the acceleration gravitational pressure
gradient components on a theoretical basis, whiefictional pressure gradient
part is usually evaluated empirically, and is tbeus of investigations on two-
phase pressure drops.

It is convenient and a conventional practice tateelthe two-phaséictional
pressure gradient to that for the flow of the Il&jphase (or gas phase) flowing
alone in the channel. Four single-phase presswa@iegts are thus defined, for
the liquid phase:
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(%] :  liquid fractionassumed to flow alone in the whole channel
z fric, f

(?j . all mass flow assumed as liquid
z fric, fo

For the gas phase, subscripts of “g” and “go” ardé¢ used. With the single-
phase pressure gradients used as reference vauegphase multipliers are
defined accordingly:

2 _( dP ap

wf _( dzjfric /( dzjfric,f (a)
2 dP ap

wfo _(dzjfric /( dzjfric,fo (b)

The single-phase pressure gradients are to belat@dufrom standard single-
phase correlations, for instance, for the liquidg#hpressure gradient:

(2. 41)

_(Ej = f, E?FlG (1; X) (@)

dz i 2. 42)
dP 1G

-(—j =f, F— )
dZ fric,fo Iof d

wheref; andf;, are Darcy friction factors, obtained from standamgle-phase
equations or charts with respective Reynolds numbeor example, when the

Blasius equation { =0.3164/R&*) is used,

0.3164 G(l-x)d
ff :W’ Rq :g (a)
N # (2. 43)
_ 0.3164 _ Gd
fo ~Re %’ Re, v Ig

The treatment of the two-phase pressure gradientabgingle-phase flow
assumption and a two-phase multiplier reduces thalyacal task to the
determination of the two-phase multiplieri,> or @ with independent flow
variables, and has proved successful. Many cldssiogks are found in this
category, such as the Lockhart-Martinelli (1949)moe, that of Chisholm (1973)
and Freidel (1979). It shall be noted that the eggion of local pressure gradient
in terms of ;> is more convenient for evaporating and condengirdplems,
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where the vapour quality varies along the tube length and an integratiothef
local pressure gradients is needed. This is beqd®&?)sic 1o IS @ constant, not a
function of the vapour quality, which makes theegration far easier (or indeed
possible, for some cases). For this reason, ctioetathat have been designed
for such duties purposely utilize tha.? expression, as seen in correlations of
Martinelli-Nelson (1948), and that of Chisholm (By7which will be later
introduced.

2.3.2 The Homogeneous Flow Model

The homogeneous model considers the two phaselevoas a single phase
possessing mean fluid properties. Those propebi#sscally include the mean
density and mean viscosity. Figure 2.4 shows thenemtum conservation in a
homogeneous model. The model has been in use iougaforms in adiabatic

two-phase flow and refrigeration systems for a werable time (Collier and

Thome, 1994). This method has also found its agfitin in two-phase pressure
drop calculation in PHE channels, though the treatnfor some parameters
varies. Two important assumptions in a homogenewmdel are:

1. equal vapor and liquid velocitie&:=u, = u,,

2. thermodynamic equilibrium between the phases.

Components of pressure gradients can be deriveth ftbe momentum
conservation equation:

-AlP- F

fric

- F

elev

= mOdu (2. 44)

The individual forces are:

Figure 2.4: Conservation of momentum in a homoges@aodel
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I:fric :TWSNetdZZ TW4(.j_At dz:%lje‘dz( )E

h h

I:elev = ,[_)g SInHDO\:dZ (@ (2 45)
Foe= U= G DA G2 (3
Y4

The pressure gradients are calculated accordingly:

dpP F 4r,

| = — __ fric — w a
dZ fric Adz d ( )
dP I:grav — .
- — =——=pgsind ([ 2. 46
dz ). Adz P9 (b) (2. 46)
[dP) P _gdU

E acce A dZ _dz

For the frictional pressure gradiemt, is expressed in terms of a two-phase
friction factor:

1 __ 1
TWZthp(%,Ouz):ngtp— (2 47)

Now the two-phase frictional pressure gradientloaexpressed as:

2
_(fj A, & (2. 48)
dz),,  d  ©2pd

The two-phase friction factdy, can be calculated by any single-phase friction
factor equations with the Reynolds number deterthinsing mean fluid
properties or, alternativelyfy, can be determined directly from measured two-
phase pressure drops, the latter usually has higbeuracy for the specified
testing conditions.

The homogeneous model assumes the two-phase fleimgls-phase, and there
are three properties to be defined, namely thepghase mean velocity, density
and viscosity. The mean densjy is defined by the basic conservation of mass:

3" R (2. 49)

Q Q+

pg pf
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The mean velocityr is determined accordingly:
g=—1 (2. 50)
PA
The two-phase mean viscosity can be evaluated inymaays, while the
following conditions must be satisfied:

(2. 51)

Three definitions are summarized by Collier and mbo(1994), as given by
Equation (2.52). Of those, the most commonly usefthiion of & is probably
that proposed by McAdams et al, which has the feimilar to the definition of

p© . Another definition ofzz often used in the design of water-tube boilers is
H = (Chisholm, 1983), but this definition dose not meke condition
specified by Equation (2.51). Still other definitoof mean two-phase viscosity
are possible. Collier and Thome (1994) argued ttiatfailure of establishing an

accepted definition is that the dependence of tlotidn factor on viscosity is
small.

-1
McAdams et al., 1942: 7 = R 17X a(
/'Ig /’If
Cichitti et al., 1960:  g=xu,+ (& x () (2.52)

Dukler et al., 1964: ﬁ:ﬁ[ *=+( 1X)&} q
Yo,

Once the mean fluid properties defined, pressuradignts of the three
components can then be integrated stepwise to rolite pressure drops,
provided a number of simplifications are made. Bhoglude assuminfy, pr, pq
as constant anxichanges linearly over the channel length. Thal fiorm of the
integration of the three components can be given as

-AP._ = j E-l—mz_ £ oS om X% A || (g
z=0 pd 2 pg
1 1
0P, = chm— u-u)= G( x- Y- (p (2.53)
pg pf
PPy Lgsing 1+Xo(p‘ ‘1)
-AP,, = jpgsme dz= s ©)
P=Py %X 1+>g(£—fg—)
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The homogeneous model provides a simple methoddmputingacceleration
and gravitational components of pressure drop and is still a versnraon
method of evaluating two-phaggctional pressure gradients. Up until the 1940s,
this method, with mean viscosity taken as thaiafitl, was used exclusively in
designing water-tube boilers with good agreemdnis,later research indicated
this was because of the high mass velocity in siehces (Chisholm, 1983).
Different possible treatments of some parametess,ekamplefy, and z as

shown in the foregoing, result in some varianceshif method, but in general
the homogenous model tends to under-predict tletidinal pressure drop. It is
also generally agreed that this method gives redderresults at high reduced
pressureP; and high mass flux (at more than 2000 kg/(rs)) for tube flow
(Chisholm, 1983, Thome, 2004b). This is probablgaduse at such conditions,
the flow is in the regime of dispersed (mist) flofgr which the basic
assumptions for the homogeneous model are closetly m

2.3.3 The Separated Flow Model

The separated flow model considers the phases tutifieially segregated into
two streams, one of liquid and one of vapour. Thestnfamous and certainly
most widely adopted approach in this type of maugllis the Lockhart-

Martinelli (1949) method. Basic assumptions of skeparated model are:

1. constant but not necessarily equal velocitievd&pour and liquid phases,
2. thermodynamic equilibrium between the phases.

Again as for the homogeneous flow model, the il pressure gradient can be
expressed in terms of the single-phase pressurgiegtawith a two-phase

multiplier:
dP dP . dP ,
(dzjfric ( dzjfric, fo Wfo ( dzjfric,f Wf ( )

For the acceleration pressure gradient consideordra volume (CV). The
inertial force applied on a CV is equal to the tirate of change of momentum of
the CV, i.e., the net momentum flow rate acrosSGkewhich is expressed as:

e DY) _d(my+my)

= 2.55
accee Dt dz ( )
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ConsideringF,_ .= -dP .. [A . the following is obtained:

_(EJ :Gzﬂz( X, (1=%) J (2. 56)
dz ) ... dz ap, (1-a)p,

The gravitational pressure gradient is obtainethftbe gravitational force acting
on the CV:

—F oy = 0P, A = gsing(p A+ p (A) d: (2.57)

elev —

dP .
and (Ej y =g smé?[,oga +p, (1~ a)] (2. 58)

In common with the homogeneous model, a stepwisglation of the pressure
gradient components requires simplifying assumptidrhe result of integration
is given by Equation (2.59), assumifig pr, andpy being constant and a linear
change ok over the channel length

. AGP L %,
_ARric - ffo E'Q_G—j D dx (a)
pd % =g
2 2\
=) X ) (b) (2. 59)
apg (1_a)pf «
-AP,, = gsiné?E-IXOI:—)ﬁj:"[,ogc”,of (1-a)]dx (o

As is seen the separated model does not supplylesismputions for the
acceleration and gravitational components of pressdrop. Additional
information is needed for the void fractian which brings extra difficulties for
the calculation. From considerations of the flovitgras it is expected that this
model would be most valid for the annular flow patt

2.3.4 Two-phase Pressure Drop Correlations

Numerous correlations on two-phédsetional pressure drop are available in the
open literature. It is not in the scope of the presstudy to cover them all; only
some of the commonly used and well-cited corretatiare compiled and
reviewed.
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Lockhart-Martinelli (1949) Correlation

Lockhart and Matrtinelli (1949) presented their slagpaper on frictional pressure
gradients of two-phase, two-component air-liquidwil In this method it is
assumed that the two phases flow separately withdataction, and pressure
drops of the two phases are equal regardless wf [flatterns. Four two-phase
flow patterns were defined; those are combinatwinthe liquid and gas phases
being individually turbulent or laminar. A new parater X, which was later
denoted as the Lockhart-Martinelli parameter (asmmetimes called the
Martinelli parameter) is defined as:

()% e®
dZ fric, f dZ fric, g .

For conventional tubeX? is readily calculated with single-phase pressumpd
correlations. For example, for the turbulent-tudmilflow region:

w2z {10°)/d _Lﬁ) [éﬂj'ggo_g (2. 61)

© o dipil)d () Ux ) op

where j =m /(p A) and j,=m, /(p,A,) are superficial velocities of the two

phases.f is the single-phase Darcy friction factor given dy=0.184/Ré&?. It

is important to recognize that Equation (2.61) besn quoted widely, sometimes
without acknowledging that it was obtained for alex tube flow only.

The Martinelli parameter can be expressed in a general form. This is simply
done by defining the Darcy friction factor dy= a / Re". The Martinelli
parameter is then expressed as:

2o {10°)/d {&] [El‘_xfga_g (2. 62)

Cofdipil)d () Ux ) a

Equation (2.62) is applicable for any type of chelras long as the friction factor
can be expressed fis a/ Re". This is the case for PHE channels.

The core of a separated model is to find the twasphmultiplierg: %, which has
been defined in Equation (2.54), and is represenyed
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»_(dP dP
= — — 2. 63
qof ( dzjfric /( dzjfric,f ( )

The two-phase frictional pressure drop can alsexpgessed in terms of a two-
phase multiplier based on the gaseous prwgszegiven by:

» _(dP dP
=| = — 2. 64
(”g ( dzjfric/( dzjfric, g ( )

The authors successfully correlatgd andg,” as a unique function ot and

the result was presented originally in a graphfoain. Chisholm (1967) later
conducted a theoretical analysis and developed guaten form of the
correlation:

¢f2:1+£+— (2. 65)

where the consta@, later known as the Chisholm parameter, has tih@fimg
values:

Flow pattern liquid gas C
tt turbulent turbulent 20
vt viscous turbulent 12
tv turbulent viscous 10
wW viscous viscous 5

C = 20 applies for most cases of interest in inteft@v in HVAC and
refrigeration systems. Citations of the ChisholmapzeterC in the literature are
numerous; many fail to mention that the initialued are restricted to mixtures
with gas-liquid density ratios close to air-wat€he Chisholm treatment of the
Lockhart-Martinelli correlation greatly eases ifgphcation in non-regular flow
channels and flow conditions other than those destehe original paper, &S
can be readily modified to fit experimental dathisTapproach is also found in
two-phase pressure drop investigations in PHE dflanras is introduced in
Section 2.7.3.

The Lockhart-Martinelli correlation was developear ftwo-phase, two-
component adiabatic flow of air and liquids inchglibenzene, kerosene, water
and various oils in horizontal pipes with diametigon 1.49 to 25.8 mm and at
low pressures close to atmosphere. The correldtgmnalso proved to be quite
successful when applied to other fluids and foretulof larger diameters
(Chhabra and Richardson, 1999). The Lockhart-Maltticorrelation is the best
known separated flow model, it is very simple te asd has long been the most
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widely applied correlation for two-phase frictiomakssure drop calculations and
comparisons.

Chisholm (1973) Correlation

Chisholm (1973) proposed an extensive empiricalhotetapplicable to both
local pressure gradients and overall evaporatiregqure drop calculations. In
this method, the liquid-only two-phase multiplisrgiven as:

@ =1+ (Y- BOE P (1- Y+ | (2. 66)

where the parametef is determined from

Y? = (de (de (2. 67)
dZ fric,fo dZ fric,go '

andn is the exponent of the Reynolds number in theidmcfactor expressiom(
= 0.25 for the Blasius equatiorB. is given by

B Y G, kg/(nt- s)
438 <500
2400/G <95 500-1900
55/G°* > 1900
520/(YG™) 0 5.8 <600
21/1Y > 600
15,000 (Y*G*) > 28

The correlation can be extended to evaporating dlofhe author argued that
where the change in pressure along a tube is muffig small in relation to the
absolute pressurd, can be assumed constant, and it is then possiblgdgrate
Equation (2.66), provided the vapour quaktis assumed to vary linearly along
the tube lengtiL. The Chisholm correlation is essentially a transition of
some previous correlations including the Lockhasgriihelli correlation, in
forms of @;° instead ofg; 2, with modifications by data from several sources.
This method has the advantage of more conveniguitcapons for both local
and phase-changing flows, and is quite simple éfoisengineering calculations.
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Friedel (1979) Correlation

Friedel (1979) developed a two-phase frictionakpoee drop correlation using a
large data base. For vertical up-flow and horizbritaw, the two-phase
multiplier is given as:

3.2F H
¢ =E+ 0045 \ /0035 (2. 68)

where
f
E=(1-x+¥Hfne
pg ffo

F — XO.78(1

0.91 0.19 0.7
SAIBIE
Iog /'If /'lf

GZ
Fr=——, Froude number
gdo

_ X)O.224

2
We= G'd Weber number

Yoo

In the above equation$y, andf t, are friction factors calculated by standard
single-phase correlations assuming all mass flowvasour and as liquid,
respectively.p is the mean two-phase density given by Equatictdj2.

The Friedel correlation is regarded as one of thestnmexcurate, and is
recommended fons / pg <1000, which covers most fluids and operating
conditions (Collier and Thome, 1994). A comparisdrthee correlation with a
data bank of 25,000 data points (Hewitt, 1983) stwi0-50 % standard
deviation, which is regarded as common for two-plfaswv correlations.

Muller-Steinhagen and Heck (1986) Correlation
A very simple and purely empirical correlation wpsoposed by Mailler-
Steinhagen and Heck (1986). They noted that thepiwase frictional pressure

drop increases witk almost linearly up to a maximum xat: 0.85 and then falls
(this is similar to the local flow boiling heat trsfer coefficient, see Figure 2.3).
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The pressure drop &t0.5 is nearly always, regardless of mass velogntical
to that atx=1, which accounts for single-phase gas flow. Based this
information, they proposed:

where

N=A+2(B- A x,

2 2
A(®) -8 es() oy S
dZ fric,fo 210f d dZ fric,go 2pgd

fo, fy are calculated with standard single-phase coioelst

fo !

This method is applicable fdd< x<1. Equation (2.69) has the advantage of
being easily integrated for evaporating liquidsthwihe assumption of linear
change ok over the tube length.

A comparison was done by the authors of their ¢atioen with fourteen previous
correlations against a data bank of 9300 data pa@overing a variety of fluids
and flow conditions. The correlation performed waeith 41.9% relative error,
with the best correlation giving 32.6% (a very cdicgied correlation by Bandel,
1973, as given in the authors’ paper). The LockNattinelli correlation gave a
relative error of 62.8%. It was concluded by thehats that prediction of
frictional pressure drop for two-phase flow in @p&as not satisfactory with the
current knowledge, and average deviations of ntaae 80% should be expected.
Tribbe and Muller-Steinhagen (2000) and Ould Didalet(2002) have found this
correlation worked quite well and is at least asdjas others for air/water, air/olil,
and several refrigerants.

Other Correlations
Some other well known two-phase frictional pressimgp correlations include
those of Dukler et al. (1964), Baroczy (1964) andr@erud (1972), among

others. Assessment of those correlations can hadfouvarious review articles,
for example, Ould Didi et al. (2002).
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A Summary

Two-phase flow pressure drop depends on a large @wurob independent
parameters including channel geometry, mass andmlfractions of the
individual phases, fluid properties, pressure, nilass orientation of the channel
(having an influence on the flow patterns), onéway components in the system,
adiabatic or with phase-change, etc. Large numbeorelations are reported in
the literature, to cater for the needs of diverppliaations. For improved
accuracy, the parameter ranges need to be detefrfon¢he problem at hand,
and correlations chosen accordingly. Due to theptexity of the problem, mean
deviations of as much as 30% are common using tt@selations; calculations
for individual flow conditions can easily deviate% or more from experimental
data ASHRAE 2005: Fundamentald=or conditions outside the range of the
original data from which these correlations werewdel, deviations of more than
100% may be seen. It is then important to reahze the predictions made using
these models must be treated with reservation aed anly as estimates.

It is seen that a common strategy in both two-pheess transfer and pressure
drop modelling is to begin with a single-phase nhoded determine an

appropriate two-phase multiplier to account for twen-phase effects. This

“multiplier concept” approach goes back at leasfaasas the classic work of

Lockhart and Matrtinelli (1949), and the majoritytafo-phase frictional pressure
drop correlations are found to be falling into tbétegory.

As previously mentioned, of the three componentstwb-phase pressure
gradients, the frictional pressure gradient hasnb#e topic of almost all
empirical investigations in the subject. The othes parts are evaluated either by
the homogeneous or the separated flow method, with latter requiring
additional information about the void fraction. éstigations were most often
carried out on horizontal-adiabatic flow whereire tbther two components
vanish, but this leaves the effect of flow orieim@tunattended on application of
the correlations obtained. Results of frictionagaure gradient have always been
presented with the vapour quality as a primary rpatar. To obtain the overall
pressure drop in evaporating flow, integration eedaed which requires xaz
(vapour quality vs. tube length coordinate) relasinp to be determined. Usually
a linear change ok over the tube length is assumed which is onlyctbri
satisfied with constant heat flux along the tubermvertheless has been adopted
widely for all other conditions. Examples of thieedtment are seen in the
correlation of Chisholm (1973) and that of Mulldefahagen and Heck (1986).
Integration of complex correlations can be caroet numerically, if an explicit
mathematical expression is not obtainable.
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2.4 Heat Exchanger Theory

A heat exchanger is a heat transfer device thatamges heat between two (or
more) process fluids. Refrigerant evaporators yred of heat exchangers where
one of the two fluids undergoes phase-changing.

2.4.1 Classification of Heat Exchangers

Heat exchangers can be classified in many wayterins of surface compactness,
there are conventional exchangers and compact egetm Conventional
exchangers largely refer to shell-and-tube exchang®mpact heat exchangers
have many sub-categories but all are charactebyedlarge heat transfer surface
area per unit volume, sometimes termed as surfee® density. A gas-liquid
exchanger is referred to as a compact heat exchaihgehas a surface area
density greater than about 70¢/m’ or a hydraulic diameted, < 6 mm. A
liquid/two-phase fluid heat exchanger is referreéh$ a compact heat exchanger
if the surface area density on any one fluid silgreater than about 400/m®
(Shah and Sekulic, 2003). Bergles et al. (2003meuended hydraulic diameter
dy, of 1 to 6 mm for compact heat exchangers éng 6 mm for conventional
heat exchangers. A typical process industry shelHabe exchanger with plain
tubes has a surface area density of less than ¢ wn one fluid side, and two
to three times greater than that with finned tubiRlate-fin, tube-fin, and rotary
regenerators are examples of compact heat exclafgregas flow on one or
both fluid sides. Plate heat exchangers (gasketettled, brazed) are examples
of compact heat exchangers for liquid flows. A ¢gdiplate heat exchanger has
about twice the average heat transfer coeffidiesrt one fluid side or the average
overall heat transfer coefficied compared with a shell-and-tube exchanger for
water/water applications (Shah and Sekulic, 2003).

2.4.2 Basics of Thermal Characteristics

For any type of exchanger (shell-and-tube, plate), eany kind of flow
configuration (co-current, counter-current, crdssvf etc), and regardless of type
of phase-changing (evaporation or condensatior)p#sic energy equation is in
the form:

Q=UAIT, (2. 70)
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whereAT, is the mean temperature difference between thefliias. It can be
derived theoretically that for counter-current,awo¥ent, or when temperature of
one fluid does not change (the situation approxégamet when the fluid
undergoes phase-changing, for example, evaporatidrcondensation):

AT_=AT,, (2. 71)

ATpw is the familiar log mean temperature difference defined as:

— ATmax ~ ATmin
- InAT (2 72)

AT

AT,

where the temperature differences are defined guirEi 2.5 for counter-current
flow, but also apply to other types of flow arranggts. For heat exchangers that
do not operate in purely co-current or counter@nirrflow configuration, a
correction factorF, is multiplied by the value afT_y that would be obtained by
assuming a counter-current flow configuration, ath@ mean temperature
difference between the two fluids becomes:

AT, =AT,, [F (2. 73)
and the energy equation becomes:
Q=UTCART,, [F (2. 74)

Analytical relations forF, and their graphical representations, for the most

ATmax

ATmin /

z

Figure 2.5: Temperature profile in a counter-curtezat exchanger

40



common configurations are available from most heatchanger design
handbooks. For pure co- and counter-current hgehamgers and also for
evaporators and condensdfs; 1. For any other kind of heat exchangérs; 1.
For PHE’s with both fluids taking the same numbepassesF is usually in
excess of 0.95 (Cooper, 1974 a).

It is important to realize that in applying Equaso(2.70) and (2.74), the overall

heat transfer coefficierly has to be taken as the average value along the hea
exchanger surfacdJ can be calculated by:

U= (2. 75)

whereh; andh, are individual convective heat transfer coeffiteeandR; are
fouling resistances. Equation (2.75) assumes elgeal transfer areas on both
sides, this is the case for plate heat exchangerscases where the heat transfer
areas are not the same on the two sides, for exathpltubular exchangers, a
simple correction is taken.

The method of using the log mean temperature éiffeg in heat exchangers
analysis and design is usually referred to asli@D method. Another widely
used method is theNtu method (not employed in this study), whetie the heat
exchanger effectiveness ahliu is number of transfer units. Details of the two
methods can be found in any heat exchanger desigdbooks (for example,
Shah and Sekulic, 2003, Kuppan, 2000). It shaficaito mention here that both
methods employ the concept of an average valug along the heat exchanger
channels, and for any calculation duties, both owthcan be used to obtain
equivalent results, though they are each moreldaifar certain situations.

2.5 Plate Heat Exchangers

2.5.1 Types of Plate Heat Exchangers

Several types of PHE's are available both for ligliguid duties and in
refrigeration systems, these being:

1. conventional gasketed plate-and-frame
2. semi-welded plate and frame
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Figure 2.6: Basic flow principle of a PHE in singlass counter-
current flowarrangemei

3. brazed plate heat exchangers (BPHE's, also knowooagpact brazed
exchangers, CBE’s).

A conventional plate-and-frame heat exchanger et sof a series of thin
corrugated metal plates (typically stainless st@dafanium, or other alloys)
between which a number of channels are formed. @Hanare sealed with
gaskets and corner rings of elastomer materialst w@mmmonly nitrile (Katzel,
2000). The plates and gaskets are held togethea fmame by a pressing
arrangement. Two fluids flow through alternate iirglate channels and heat
transfer takes place across the plate. The flu@s pass through the heat
exchanger either in co-current or counter-curréow,fand can be in single-pass
or multi-pass arrangement. The basic principle sfrgle-pass, counter-current
flow in a PHE is shown schematically in Figure 2Je chevron angle is
reversed on adjacent plates so that when platesassembled together, the
corrugations provide numerous contact points. Theugation on the plates
generally perform three functions: they increase dffective surface, they give
rigidity and strength, and they promote turbulefCéark, 1974, Troupe et al.,
1960). Normally identical plates are used in omglsi exchanger pack; however,
mixed plates may also be used where there is a merfa balancing heat
transfer load and available pressure drop. Theydgsiessure limit of this type of
PHE is around 10 bar, and operating temperatuee$iraited by the availability
of suitable gasket materials (Kakac S. and Liu2802). Generally, they are not
suited for pressures exceeding 25 bar and tempesatwer 250 °C (Raju and
Chand, 1980).

The semi-welded PHE is similar to a gasketed pdae frame except the two
adjacent plates are welded, usually by laser wgldiine welded pair is called a
plate cassette, and is sealed at the ports by itwgp gaskets (and is thus not
gasket-free). Semi-welded channels offer bettelirggguality than the frame-

42



and-plate type, and are designed for high presancke for aggressive media
applications. For the fluid flowing in the weldedssette, temperature limits
range from -50 up to 350 °C and operating presstaase from full vacuum to
40 bar (Reppich, 1999).

Brazed PHE’s (BPHE’s) have similar plate geometrthie former two types, but

gaskets are completely removed and the whole paclom-opening. In such a
unit, plates are brazed together with copper dketialloy and the exchanger is
completely sealed and leak-tight. Without the latidns brought by the gasket,
which has long been a weak point in the designagpdications of PHE'’s, brazed
PHE’s have typical design temperatures of -16090 IC, and design pressure
up to 30 bar (Goldfinch, 1994, Fijas, 1997). Thiamafacturing solution has

greatly increased the exchangers’ mechanical aesist but also eliminated the
flexibility and ease of cleaning features availabben gasketed PHE's.

Nevertheless, the ability to withstand higher puess and the elimination of
sealing problems made the brazed PHE's interestimg applicable for the

refrigeration industry, to be used both as evaposand condensers.

2.5.2 Plate Geometry

Technically, plate corrugations can be of many syper example, chevron
(herringbone), washboard (lateral), wavy-groovey-zag. However, over the
years, the chevron wave pattern has proved todentist successful and popular
design, and is offered in rather similar shapesheymajority of manufacturers
(Carlson, 1992, Martin, 1996). The heat exchangemsstigated in this study are
of the chevron type, consequently the introductadnthis particular type of
corrugation pattern is the task of this section.

Chevron Corrugations

Geometrical features of the chevron type of cortiogaare given in Figure 2.7.
A single plate comprises four corner ports and toerugated area. The
corrugated pattern has a chevron angleevaluated as the angle between the
corrugation trough to the vertical axis, or in soraports to the horizontal axis.
In a PHE unit plates are installed with the apexth® chevron pointing in
opposite directions. The chevron design brings foain effects, it

1. increases flow turbulence level,

2. increases the effective heat-transfer area (tylpibgl a factor of 1.1-1.25),
3. increases stiffness of the plate pack,

4. induces turbulence and high wall shear force whectuces fouling.
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A
Lp |-eff
/ Brazing or gasket

Lp — Port to port channel length , m
L . — Effective channel length, m
w — Width of flow channel, m
\W b — Mean flow channel gap, m
B —Chevron angle, degrees
O 6 - Plate thickness, m
A

— Corrugation pitch, m

Figure 2.7: Corrugation features of the chevroretglate

The chevron angle of commercially available platases between the extremes
of about 25 to 65°, and is perhaps the most impbgaometrical parameter of
PHE’s relating to thermal and hydraulic performarigakac and Liu, 2002).
Conventional plates have approximately sinusoidafiles. Corrugations that are
asymmetrical in profile are not common and foundéoless efficient (Focke,
1985). The surface enlargement factgris another important parameter, which
is defined as the ratio of actual heat transfemdo the projected area. Most
commercial plates have enlargement factors usuabyrelatively small range of
1.1-1.25 (Kumar, 1984)@ can be calculated approximately, for a sinusoidal
corrugation profile, from a three-point integratimnmula (Martin, 1996):

2
qo:(—ls(1+~\/1+x2 + 1+X7) (2. 76)

whereX = zb/1 is a dimensionless parameteris two times the amplitude of the
sinusoidal wavell = mean flow channel gap) aids the wave pitch. For a strict
sinusoidal wave,p =1.22. The channel aspect ratio is definedras Lp/w.
Common industrial plates usually have this ratiouad 2, and it is not likely to
be much lower than 1.8 (Cooper and Usher, 1983)e feat transfer area of a
single plate is calculated by:

A=L,, W 2.77)
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H channel M channel L channel
(high + high) (high + low) (low + low)

Figure 2.8: Channel of combined plates

where L, is the effective channel length awdhe channel width.

Flow Channel Geometry

A flow channel is formed by two adjacent plateslee with gaskets, welding or
brazing at the edges of plates and ports. The glate usually identical but
positioned with the chevron angle reversed, andjfmanetry of the flow channel
is identical on both sides of the plates. Conngatiaints are formed at the crests
of both plates where they meet. The channel floxa & calculated by:

A, = wb (2. 78)

Also commonly seen are units with channels which farmed by plates of
different chevron angles, this is referred to &ntixed-anglearrangement. From
the manufacturer’s side, the purpose of using mplate channels is to achieve
the required thermal duty while also using the laée pressure drops, and at the
same time avoid expenses on pressing tools forge laumber of plate types
(Raju and Chand, 1980). This solution makes thégdework highly flexible,
and has long gained popularity in applicationseast as early as in the 1970’s
(Clark, 1974). One of the three units that has lested in the present study has
the mixed angle arrangement, and the other twadeseical plates with high and
low chevron angles, respectively. These arrangesraetshown schematically in
Figure 2.8.

Focke (1983) argued that for practical purposes tifterent plate chevron
angles sufficep=45° at which the ratio of heat transfer/ pressin@p is at its
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highest, angd = 72° which results in the maximum heat transéafficient value.
However, manufacturers usually opt for angles axprately 30° and 60°,
presumably to cover low heat transfer rate duties.

2.5.3 Flow Arrangements

The flow arrangement in a PHE can be very flexifleere are basically four
types of configurations that can be used, as wélishown below, which are
related to flow distribution inside or between chels.

1) Inside Single Channel

In a single channel, the flow of one fluid can bthex diagonal or parallel,
depending on the sealing arrangement on the pArtdiagonal arrangement
refers to the flow that enters and leaves the oblamindiagonally opposite ports,
whereas in the parallel (or vertical, same-sidearagement the flow enters and
leaves on the same side (Kumar et al., 1994). Aexample, the gasket set as
shown in Figure 2.7 would give a parallel flow i€laannel is formed by two such
plates.

2) Pass

Pass refers to a group of channels in which the i#oin the same direction. The
two streams in a PHE unit can have different pasangements, single or
multiple, with the latter consisting of passes amtad in series. Figure 2.9-a
shows a 2 pass / 1 pass configuration where oné flows in a single pass
manner and the other in two.

2 pass
';__‘l_"_l'__|__l__1_'_'l - - -
ylyly gt g

| | | | | | \ Y Y Yy v |

ARIEIES :

L__l__l__l__\J.__L_<_
1 pass U-arrangement Z-arrangement

a) 2 pass / 1 pass arrangement b) U- and Z-arrangement in single pass

Figure 2.9: Flow arrangement of multi-channel PHE’s

3) U and Z Type Arrangement in Single-pass Flows

The so-calledJ andZ type arrangements are found in single-pass fléws.any
one fluid stream if the inlet and outlet ports arethe same side of the exchanger
unit, it is called aU type arrangement, otherwise it isZatype, as shown
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schematically in Figure 2.9-b. Thétype permits easy cleaning or repair on the
exchanger without disturbing external piping, whilee Z type offers more
uniform flow distribution (Kakac and Liu, 2002). As clear in the illustration,
the Z type arrangement assures that liquid streams rmgpgbrough different
channels will cover the same flow distances, wimlea U type arrangement
channels further away from the entrance have longerifold passages and may
thus cause greater pressure drops.

4) Relative Flows between Two Fluids

The two fluids can be organized in either co-cur@ncounter-current flow. For
single-phase applications, counter-current arragems a more favorable choice
and gives higher exchanger effectiveness than eheuaent flow. This can be
shown by a theoreticat — Ntu (Effectiveness - Number of transfer units) analysis
on pure co- and counter- current flows, which isywsell represented by PHE
channels.

2.5.4 Hydraulic diameter, Reynolds Number, and Friton Factor

Equivalent vs. Hydraulic Diameter

The corrugated channel found in PHE's is a uniqund aomplex channel;

definition of the characteristic diameter of thigeé of channel has not been
agreed on in the research community. Two defindtiame found in the open
literature, the first one is often called the "e@lent diameter” which is twice the
corrugation depth:

d =2b (2. 79)
A second and possibly more common definition igmfhamed as the “hydraulic

diameter”, defined in the traditional way for hydlia diameter of non-circular
tubes (four times the volume divided by flow chdnmetted surface area) as:

g = _4Lwb 2p
L =—= ==
2Lwgp ¢

S (2. 80)

wet

whereg is the surface enlargement factor.

The hydraulic diameter method of definition seenwarphysically sound since
the surface enlargement factor does change thaladtannel cross-section area
for a given value of corrugation depth. Furthermam&groducing the enlargement
factor to the hydraulic diameter might be a simghel effective way of taking
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into account the influence ofp on the PHE performance. In the present study,
the hydraulic diameter definition is used uniquaythe characteristic diameter
for the corrugated channels. For clarity, these tdefinitions will be
distinguished in this study by their subscripés,for equivalent andh for
hydraulic. It is very important to note that whearrelations are quoted the
definitions used in the original texts should benti@ned, to avoid confusion or
misunderstanding.

Reynolds Number and Other Non-dimensional Groups

Non-dimensional groups are defined with charadieriengths and velocities.
For the chevron type of corrugated channel the atharistic diameter can be
eitherd, or d,, as mentioned earlier, but the characteristicarglas always the

nominal flow velocity, or bulk velocity, defined by

- Q 2.81
A (2. 81

It shall be noted that the nominal flow velocitytaibed is not the true velocity of
the fluid, due to the effect of the corrugation.p@eding on the particular
corrugation pattern, true velocities may be highem factor of up to about four
(Marriott, 1971). Now, the Reynolds number is defin

Re=P Y% (2. 82)
U

which can also be expressed Re=GlLd, /u, whereG=m/(A, N,) is the

mass velocity in the vertical direction. With thieacacteristic length and velocity
defined, other non-dimensional groups are now detexd accordingly, for
example, the Nusselt number is given by:

(2. 83)

Friction Factor

Definition of the friction factor can be sometimeenfusing, more so when
friction factors are mixed freely with different fdetions of characteristic
diameters and channel lengths, as is the case iogén literature. The two most
commonly used definitions of friction factors ahe twell-knownDarcy and the
Fanningtypes, denoted in this studyfasndc;, respectively, and defined as:
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_ AP/L

= 2.84

$pu’ld (289
AP/ L

c =2t 2.85

" 2pu?/d (2. 85)

In the above definitiong] is d. or di, whichever is chosen by the investigators
the nominal velocity, given by Equation (2.81).stands for the characteristic
length of the flow channel. To make the issue nuammplicated, there are also
two different definitions ofL to be found in the literature. In most situations,
fortunately,L has been used as the length between upper and pontecentres,
denoted a4, (see Figure 2.7), while in othelrscan be chosen as the developed
flow length defined as the ratio of the actual heatsfer area to the flow width,
given byL = A, / w. No reasonable explanations are available fordhfition.

It is of interest to note that the developed fl@mdth still does not represent the
actual fluid flow distance in the channel, sinaam$ are highly three dimensional
and directed by corrugation angles, and not alonigess normal to the corrugated
waves. In this study, the friction factor usedhie Darcy type definitio, based
on the hydraulic diameterd, and the projected channel lendth between the
upper and lower ports.

The two friction factors have the simple relatiopsbf f = 4¢; in any case,
regardless the geometry of flow channel. Care rhegstken to correctly interpret
correlations from different authors, as the freeoich of two types of
characteristic diameters combined with two typedrigtion factors results in
four possible ways to express the friction faceord all these four are found in
the open literature. For clarity, definitions andneersions between the four

Table 2.2: Definitions and conversions of fricti@actors

Friction factor: Characteristic diameter
d,=2b/g d.=2b
_ AP/L
- %puz /d fr fe
_1_AP/L
f_4%pu2/d Cin Ci e
Conversion:
fh=tfelo
fh=4c
fe=4cq,
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expressions are given in Table 2.2.

2.6 Single-phase Flow in PHE’s

Over the vyears, investigations into the single-phathermo-hydraulic
performance of PHE’s have become rather exten3igehnical reports on their
performance assessment, construction developmemd aapplication
recommendations are found as early as in the 1966Ysxample, Troupe et al,
1960, Dummett, 1964). This is partially due to BiHeE’s widening applications
from the food industry to the chemical industryeféare currently well over 30
correlations available which could be consideregrasticable for single-phase
duties, mainly for water-water, some for non-Newvidonfluids in laminar flows.
PHE'’s are generally considered not suited for gasdtuid duties because of
high pressure drops, and not for highly viscougdfiudue to problems in flow
distribution (Kandlikar and Shah, 1989, Raju anc@h 1980).

2.6.1 Overall Thermal-hydraulic Performance

PHE’s are usually much more thermally efficient nththeir shell-and-tube
counterparts, particularly for liquid/liquid dutieiSilm coefficients can be two to
four times those for tubular units of the same datythe same or even lower
pressure drops (Bond, 1981). At normal working enthe overall heat transfer
coefficientU can be expected to be 2300-5800 W#(-rK), depending on plate
corrugation and flow conditions (Raju and Chand3)9 The highest value
that could be achieved by a PHE was reported @560 W/(nf - K), making it
capable of working with film coefficients three fige times higher than tubular
or spiral-plate designs (Carlson, 1992). The audett heat transfer
performance of a PHE is due to several enhancemeahanisms, which directly
result from the complex plate surface charactesstiThese surface effects
include disruption and reattachment of boundargigsyswirling motion of the
fluids, continuous change in flow directions andoeéy, combining to promote
early transition to turbulence and produce exceytlig high film coefficients of
heat transfer.

The analogy between heat and momentum transferdwodicate that as the heat
transfer is improved there is a higher pressur@ genalty as well. In fact, it is
widely noticed that increase of the friction factsrfar quicker than that of the
Nusselt number with increasing chevron angles. ©hoet al. (1995) reported
that at the same Reynolds numbers, when compargdswiooth channels the
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enhancement of heat transfer is up to 6 times btiteasame time the friction
factor can be increased by a factor of one hundfedvever, in practice for the
same heat transfer area or at the same coolingibedities, pressure drops in a
PHE are usually lower (Troupe et al., 1960), duethte fact that the flow
velocities in a PHE unit are usually very low, atfe flow channel length is
always much shorter than that in tube-type exchange

Of all the dimensional parameters that describélg Phannel, the chevron angle
[ is probably the most important. Generally boththemsfer and pressure drop
increase with higher chevron angles. Mixed platanciels are commonly
evaluated with the averaged chevron angle (Bon811Bleavner et al., 1993),
though a rigorous examination of this treatmemntasfound in published works.
The surface enlargement factgp might have similar effects, as deeper
corrugations increase the effective surface areaedsas promote greater swirl
and mixing, resulting in higher heat transfer raed pressure drop. A
comparison of experimental data from several saube Mulley and Monglik
(1999) has confirmed this. When the hydraulic disend, =2b/g is used, the
effect of gcan be regarded as included in that of the hydralidmeter; in other
cases, this effect is usually ignored since anratewjuantitative evaluation ¢f

is difficult to obtain. Another parameter not usyattended to is the channel
aspect ratio. While its effect on the exchangernia-hydraulic performance is
apparent, this parameter has hardly become a @asioh in any available
correlations. High aspect ratio (a “narrow” chanratlthe same heat transfer area
will increase the flow velocity for given heat tsder area and thus increase
pressure drops; low aspect ratio will bring proldeaif flow distribution inside
individual channels and so will reduce the exchamdfciency. It is also noticed
that in the open literature geometrical paramedezgarely all given in detail.

It is widely recognized in the research communitgttturbulence is attained in
PHE’s at much lower Reynolds numbers than in cancatibes, however, the
values of the critical Reynolds number, ;Reare reported differently from
various sources from 10 to 500 (Raju and Chand0.1G&rlson, 1992, Reppich,
1999, etc.). This may partially be due to the patér plate configurations tested.
Cooper and Usher (1983) pointed out that it isdiff to predict the flow pattern
in a particular PHE unit without testing it. Howeyet seems quite safe to
conclude, from those reported values, that all dypé PHE will be in the

turbulent flow region at Re > 500, and in the laaniregion at Re < 10. In most
cases the transient region is in the Re range df500 The early transition of
flow patterns in PHE’s might be explained by twoimi@asons:

1. Corrugation features. Corrugations break down tagreant insulating film
at the plate surface and trigger turbulence (Rajd @hand, 1980). It is
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obvious that a higher chevron angle and deepeugation will promote
higher levels of disturbance and earlier transition

2. Actual flow velocity. In the corrugated channele thctual flow would most
likely follow the corrugations rather than flow ihe vertical direction
(Focke et al, 1985). As a result, the actual fl@hoeity is much higher than
the mean value in the vertical direction, whichuged to calculate the
Reynolds number.

PHE's could be treated as pure co-current or counteent heat exchangers in
principle if end effects are neglected. For a shell-tube exchanger this can
hardly be the case, due to cross flows resultinghfbaffles. For a two-channel
PHE, pure counter-current flow may be assumedifaltiple channel units, a
correction factor of the LMTD (Log Mean Temperatiéference) is sometimes
recommended. Buonopane et al. (1963) initially adsked the issue and reported
that for lateral-corrugated plates, with packs ih pass/ 1 pass counter-current
arrangement, an average correction factor of h@bld be applied to the LMTD.
Marriott (1971) later presented a chart for appmate values of the correction
factor as functions of the Ntu (Number of transterits) for various pass
arrangements, which confirmed Buonopane et al'ssection factor value.
Kandlikar and Shah (1989) also tabulated correcfamtor values based on a
more refined numerical analysis. Usher (1970) muinbut that corrections are
needed when the flow departs from the two-changelakflow condition, to
account for flow ratio, number of passes and efecef of passes, and these can
only be determined empirically.

Pressure Drop Components

Pressure drop in a PHE consists of three contohati (1) frictional pressure
drop within the core (plate passages), (2) presstop due to elevation change,
(3) pressure drop in inlet and outlet manifoldsr{®o Of these, the frictional
pressure drop is of main interest and has beenessield in various empirical
correlations in the open literature. Elevation puege drop is calculated in a
straightforward way byP=pgh. For the manifold pressure drop, an accurate
evaluation method is not available. A very widelted equation by Shah and
Focke (1988) gives an estimation of the manifoléspure drop, without a
reference, as:

GZ
AI:)manifolds =1.5 2_ [N pas: (286)
'0 inlet

The manifold pressure drop is usually considered¢hmsmaller than the other
components. Generally the manifold pressure drofpwser than 10% of the
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overall pressure drop, but can be as high as 30%igbrer in certain designs
(Shah and Sekulic, 2003). Bond (1981) pointed bat tifferent port designs,
producing variation in manifold roughness, couldufein the overall pressure
drop to be two to three times higher than the ggespressure drop.

2.6.2 Single-phase Heat Transfer and Pressure Drop
Correlations

A considerable amount of research has been corditectgetermine heat transfer
and flow friction characteristics for the PHE geameThere are well over 30
correlations available in the open literature, nadsvhich are for a specific plate
geometry. Those correlations are generally develdpe turbulent water-water

duties, with a few for laminar flows of Newtoniamdanon-Newtonian fluids.

Most of them are in forms of the familiar Siedertd aype, with modified

constants and exponents. Some later correlationgesx coefficients or

exponents of the Reynolds number as functions efdfevron angle and the
enlargement factor to cover wider applications. Exponent of Re in most of
the water-water correlations is close to 2/3, fbclaevron angles. This value was
also confirmed by Stasiek et al. (1996) in thestseon turbulent air flow (Re =
400-3500) through air pre-heaters which have vemylar geometries to those of
PHE channels. It seems clear that correlation fosmish have been successfully
applied in tube flow are also applicable to PHEAile a more general one
would require considerations of geometrical effeetpecially the chevron angle.

Edwards et al. (1974) of the APV Compahtested various non-Newtonian
fluids including glucose solutions, lubricating aihd poly-acrylamide solutions
in one PHE unit with a chevron angle of 60° andyvagh aspect ratio~g8). It
was found that laminar flow conditions exist upat®eynolds number of 10, and
a very gradual transition to turbulent flow follows contrast to pipe flows
where the onset of turbulent flow is rapid. Thehaus had, interestingly, noticed
the similarity of channel geometry between a PHH #rat of a packed bed of
near-spherical particles, in that flow channels laogh featured with series of
expansions and constrictions. Certain correlatiforspacked beds were then
compared with pressure drop and heat transfer al@tined from the PHE unit
and very good agreement was obtained. The autlmnted out that the same
measure of agreement would not be expected fore pdaichangers having
markedly different corrugation patterns. While #realogy of these two types of
exchangers remains interesting, verifications o tpproach are not found in
other works.

1 APV Company Ltd is an UK based major PHE manuiiast
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Based on extensive test data, Bond (1981) of thg &Bmpany reported PHE
heat transfer and pressure drop correlations iphgegorm, forg = 25°- 60°,¢p=
1.14 fixed, and Re = 0.1-10,000. This correlatisrra@produced in Figure 2.10,
with its basic form expressed in Equation (2.8 He Theat transfer relationship in
the Bond correlation is of typical Sieder-Tate typath modified constants
accounting for the chevron angle. For each chearagie the flow is divided into
three regions. It is seen that the higher the drewangle the lower the critical
Reynolds number. Fgt=60°, laminar flow occurs below Re=10. Pressuapsr
determined from the plots refer to passage presboms excluding passage entry
and exit losses. The author stated that diversegmesof ports, producing
variation in port manifold roughness, could resuithe overall pressure drop two
to three times the passage pressure drop. Kum84#)18ported that the accuracy
of the Bond correlation is about £20% except initzan flow regions, for which
greater inaccuracies may occur on account of infteeof fluid viscosity. Bond’s
correlation is one of the earliest with a wide adbility, and remains the only
one that is based on manufacturer data covering than one plate model. This
correlation has also become a favorite comparisasisb for many later
investigations. For the convenience of computatammstants of the correlation
were derived in this study from the original graphd listed in Table 2.3.

ol ! 10 100 1000 10000
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e e
APPLICABLE ONLY TO WELL DESIGNED CHEVRON TYPE .
PHE'S MANY DESIGNS WILL GIVE LOWER HEAT TRANSFER £
AND HIGHER FRICTION FACTOR FOR A MIXED PASSAGE ol &
CONSISTING OF TWO DIFFERENT ANGLES, TAKE THE »
AVERAGE VALUE FOR © AS AN APPROXIMATION. L

Hwell
'
<
C >
L
! 1
/ < 300
/ © ~ 450
©~ so¢
® <500

ol . Re 9“’5"\ o
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0 (=90° - B) is the angle between corrugation trough to haiaiodirection,
f refers to the Fanning friction factod,=2b/ ¢

Figure 2.10: Bond (1981) correlation for chevropeyPHE’s
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JNu =—1/6 :C1Rem
prYs H
{:uwall (2.87)
C,
c. =
" ReP

Table 2.3: Constants in the Bond (1981) correlafquation. 2.87)

B
<25

30

40

45

Re C, m Re o p

IN

<20 0.543 0.33 50 25 1
20- 500 0.323 0.50 50 500 3.13 ©«
=500 0.090 0.71 = 500 0.62 0.

<20 0.543 0.33 <40 25 1
20- 400 0.300 0.53 40-400 3.60 0.4
=400 0.104 0.71 =400 0.742 0.2

<20 0.618 0.34 20 33 1
20- 300 0.284 0.60 20 300 11.D.63
=400 0.133 0.73 = 300 0.78 0.1

IN

<20 0.725 0.35 < 15 48 1
10- 100 0.420 0.59 1508 18.6 0.65
2100 0.290 0.67 2300 1.30 0.19

<10 0.725 035 < 10 50 1
10- 100 0.375 0.64 30 100 19.0 .58
=100 0.309 0.68 = 100 3.1 0.1

\

d, =2b/gp, p=1.14

Table 2.4: Constants in the Heavner et al. (1988%tation

(Equation. 2.87)

B Bavg Cy m Co p

45/90 67.5 0.278 0.683 1.715 0.0¢
23/90 56.5 0.308 0.667 1.645 0.1&
45/45 45 0.195 0.692 0.810 0.14
23/45 34 0.118 0.720 0.649 0.15
23/23 23 0.089 0.718 0.571 0.18

Re= 400- 10,00, d, =2b/¢
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Heavner et al. (1993) of the APV Company later ad test results on five
units with different chevron-angle combinations:°/23°, 23°/45°, 45°/45°,
23°/90° and 45°/90°. Each unit had 12 channelsgroffeometrical information
was not provided due to commercial consideratidiistests were in turbulent
regions with Reynolds number in the range of 400000 A correlation was
given in the same form as the Bond correlation éEga (2.87)), with new
constants given by Table 2.4. In this correlatitne chevron angle of a mixed-
plate channel is evaluated by the average of theptates. The authors compared
their data with the Bond (1981) correlation curvethough chevron angles
covered in the two investigations were not idemtiaad rough agreements were
obtained. It is noticed that the Reynolds numbetein for the heat transfer
coefficient is around the value of 0.7 but dose stutw much relevance to the
chevron angle, which is consistent with the Bondealation for turbulent flows.
For the friction factor it is noticed that the Boadrve has a Re exponent of 0.2,
remaining constant for all chevron angle platesilevHeavner et al's data have
shown this exponent to decrease with increasingroheangle. This relationship
can be explained, as tried by the authors, by densig the corrugated channel
as a rough tube, whose roughness increases wiemagiog chevron angle. At=

0° the channel is a collection of smooth vertiecddes which would have a Re
exponent of 0.25, as suggested by the Blasius iequét = 0.79/ R&%, on the
other hand, agf = 90° the exponent reaches 0, as for very rougastahe friction
factor is no longer a function of the Reynolds nem@vhich is also indicated by
the familiar Moody chart).

Wanniarachchi et al. (1995) developed a set of ngmeeralized correlations
based on the curve correlation of Bond (1981) aatd deported by Heavner et al
(1993). The correlations are in a third-order asttip form, which is given by
Equation (2.88). The authors explained that thecehof this form is due to the
fact that there was no suitable information to mkefithe critical Reynolds
numbers. Mathematically, an asymptotic equationagbvapproaches the larger
of the two components and assures a smooth tramsHEdwards et al. (1974)’s
observation of very gradual transition from laminarturbulent flow in PHE
channels, as opposite to a rapid one in converitipipgs, might have at least
partially justified this choice of correlation form

e (2:88)
¢, =(¢% +¢,)
where
3.65 . 12.6[ R 846+ 000118
N 90455 R 033" It = grie
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_ 1774 _ 46.6
B G9%°Re’ Cre = G108 @423 10°6- 2.28 107 ’
0=90"-p4
Valid for S =23-62, Re=1-100C

Crozier et al (1964) suggested from investigatianNmn-Newtonian flows that,
for laminar flow, the Lévéque approximation, inityadeveloped for heat transfer
calculations of laminar flow in short pipes, can bged with good results,
whereas a clear description of the method was n@ng The idea was later
developed independently and more successfully bytiM&1996) into a semi-
theoretical correlation for turbulent heat transfed pressure drop in PHE's.

The Lévéque approximation, shown by Equation (2.89) purely analytical
equation for hydrodynamically developed and thélymdeveloping laminar
flows in circular pipes of short lengths. This etjora can be found in many heat
transfer handbooks (for instance, Bejan and Kr20€3, Baehr and Stephan,
2006). Martin proposed a generalized form of tlygation, as given by Equation
(2.90), based on which his heat transfer corretafior PHE channels was
developed. For a circular tube, withRe = 64, the generalized Lévéque equation
(Equation (2.90)) reduces to the conventional dbguétion 2.89). The author
argued that though the Lévéque equation had nab peeviously applied to
turbulent flow, there is no reason to restrictapplication to the laminar range.
A further analysis on this equation with its apations for the prediction of heat
and mass transfer rates from pressure drop caowmwfin a later paper by the
same author (Martin, 2002).

Nu :1.615{ Rél Hﬁlij (2.89)

1/3
% = 0.40{ f DRéBCEj (2.90)

To use Equation (2.90), the friction factor hasb® determined first. Martin
carried out an analysis on the frictional pressinag based on the observation
(Focke et al., 1985) that there are two kinds of# coexisting in a corrugated
channel: crossing flow following the furrows of adgnt plates and longitudinal
flow between two vertical rows of contact point@ ®btain an overall friction
factor, effects of the two are combined tentativetyng a reciprocal square root
type of equation, with each part containing constato be determined by
experimental data. The expression for the heasteargroup takes the form of
Equation (2.90), with the characteristic lengthnigethe distance between two
crossings, i.el. = /sin(28), and the leading constant and the exponertt f&é&
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further refined by experimental data. The final mgsion of the Martin
correlation is:

1 _ cosf N  cog (a
Jf  Jbdang+clsing+ f, /cos Jadfig (2.91)
jnu =€l f Re? sin(2B )T (b)

where

(a b, ¢)=(3.8, 0.18, 0.3p

(cq. 0)=(0.122, 0.37}
b4 Re< 2000 597,385 Re 200
_ |Re _| Re
fO - 1 4 fl,O - 39
Re> 2000 — Re> 200(C
(1.8log,, Re- 1.5% Re0-289

for Re= 400- 10,0003= 0- 80d=d,= Rg¢

The most important implication of Martin’'s corretat is perhaps the
dependency of the heat transfer coefficient onpreuctf - Re?, which is a
direct measure of the pressure drapRe” =AP2d°%p /(L,u?) (from Equation

2.84). It can be shown that the term sjf)(@eviates from its maximum value of 1
by less than 10 percent over the range of 2%°< 65°. As a result, Equation
(2.91-b) essentially indicates that two PHE unitsddferent chevron angles
would have the same heat transfer coefficientef phessure drops are the same,
though the flow rates will differ. This relationphbetween the heat transfer
coefficient and pressure drop for plate heat exgbem was also reported
previously by Cooper and Usher (1983) with an exgporof 0.30 for the pressure
drop AP. The Reynolds number range of validity of Martic@relation was not
given, however it seems that the same range fowrézaet al's correlation
should apply, i.e., Re=400-10000, since the amalydi all constants relied
heavily on this particular correlation. The cheviangle is in the range of 0-80°.
Martin’s correlation is well constructed with thathor’'s attempt to generalize
the correlation for the Nusselt number by applyengeat transfer-pressure drop
analogy through a purely theoretical equation. &dvparameters are fitted to
experimental data, making it a semi-empirical datien. Shah and Sekulic
(2003) reported £ 40% accuracy for pressure drapal0% for heat transfer
coefficients for this correlation. Higher accuracgn be expected if the five
constants are further refined with actual detajpate geometry and certainly
with more extensive data. Claesson (2005a) repogeckllent fit of this
correlation with that supplied by a manufacturesdzshon extensive tests.
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Muley and Manglik (1999) conducted experimentaiges three PHE units with
plate chevron angle combinations of 30°/30°, 30”/6dhd 60°/60° and
enlargement factors of 1.29, in turbulent flowsR& > 1000. The conventional
Sieder-Tate form (Equation (2.87)) was again useth the slight difference of
the viscosity ratio exponent being 0.14 instead.af7. In the effort to obtain a
general correlation that covers all the three urhie lead coefficients and Re
exponents were described as functions of the cheanglefs. The effect of the
enlargement factop was included by using a third-order polynomialretated
with more data from other sources. The final catreh shows:

g = Nu =c,Re™
Nu 3 14~ 1
Pr (,U/,Uwan) (2.92)
CZ
c =
" Re°

where
c,=(0.2668- 0.006968+ 7.244 T03%)[| 2078 5uB4 4pis  Wh1

m=0.728+ 0.0543sin{B /4% 3.7)

c,=(2.917- 0.127B+ 0.00201F)[[ 5474 1990 1§93 581
p=0.2+ 0.0577singB /45 2.1)

[ indegreesyiB/45+ 3.7 and 713/ 45+ 2.1 are in radians.

For Re= 1000,3= 36- 60p= 4 1, d=d,=2b

The agreements for Nusselt number and frictiorofagith the experimental data
were claimed as 10% and 5%, respectively. Howetlex, accuracy of this
correlation needs verification by more tests, sirice’as based on only three
different PHE’s. Moreover, the treatment of theeeffof the enlargement factor
in Muley and Manglik’'s correlation can be arguablee third order polynomial
expressions accounting fgr in both the Nusselt number and the friction factor
equations, were based on a very limited numbematd goints (less than 10) with
relatively big scatters. A simple calculation wouldlicate that in the range of
¢=1.1-1.25 which is typical for industrial plates (Kumar, ¥98the correlation
gives an increment of 52% for Nu and 143% forEven though reports on the
effect of ghave not been quantitatively conclusive in theriture, those figures
are likely to be exaggerated. It can be shown when the enlargement factor is
smaller than its tested value, i.e., 1.29, the Maed Manglik correlation tends
to give continuously lower values of Nu ahthan those predicted by most other
correlations.

Focke and his coworkers conducted a series of awpatal studies on PHE’s
including flow visualizations (Focke and Knibbe,889, optimum PHE surface

59



patterns selection (Focke, 1986) and performansesament of asymmetrically
corrugated PHE plates (Focke, 1985). Basednasstransfer and pressure drop
data, Focke et al. (1985) reported a correlatiomé&attransfer and friction factor.
The heat transfer rate is evaluated not by diregdasurement data but by heat-
mass transfer analogy theory, with the Colbunfactor which states:

j=Sh/ (R&IS¥? ¥ Nu/(Reé PP L. The testing unit consisted of a single channel

machined in sinusoidal corrugation shape with alargement factor of 1.464,
which is considerably higher than most commercialrgilable industrial plates.
Care should be taken when using this correlatiothasheat transfer data are
based on the projected and not the developed &massiface area. This is a
rather unusual treatment, but explanations were gingn in the paper. The
correlation is found to give exceptionally high Minen compared with others,
while the friction factor is fairly similar.

Some other correlations are available, though lessd and usually lack
generality. A total of 28 correlations were sumized by Ayub (2003) in his

review article?, which brings a good and brief introduction. Itrecommended

here, however, that for the details and applicabdif a particular correlation,
reference should be made to the original sourcéhesbscure terminology and
mixed use of various parameters often causes nbt confusion but also

erroneous quotations.

It might be worthwhile, for the sake of a straigimfard perception, to compare
the introduced correlations against each otheurgi@.11 shows the calculation
curves of Nu andf against the Reynolds number in the range of R@11®O00,
atf = 45° andg= 1.14, from six correlations as introduced irstbéction. Valid
ranges of those correlations are given in Table P& chevron angle of 45° is
covered by all correlations while the enlargemeastdr of 1.14 is not, this value
is chosen for a fairest possible comparison basiglf. Disagreements between
those correlations are clear, being relatively great low Reynolds numbers.
The Nu predicted by Focke et al's correlation igndicantly different, which
could possibly be explained by their heat-masssfeananalogy treatment of
experimental data, also with the tested channatigel enlargement factor. Muley
and Manglik’s correlation gives a Nu number loweart all the others, possibly
because of an exaggerated effect of the enlargeiaetot.

1 The familiar Chilton-Colburn analogy states, @srsin many heat transfer textbooks:
= Nu _  Sh
RePM® Rest®

It is noticed that Focke et al. (1985) has chosenetxponent of the Pr number as 1/2, instead
of 1/3, no explanation of this treatment was given.

Reproduction of those correlations in Ayub’s @amvas not without mistakes. Besides
typographical errors, one apparent cause has Heencertain correlations, the author’s
incorrect interpretation of the various characteriength and friction factors used by different
authors. The use of particular correlations is flee®@mmended to refer to the original papers.
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r| —o— Bond,1981

—24— Focke, 1983

[| —v— Heavner et al., 1993

[| —O— Waniarachchi, 1995

[| —<— Martin, 1996

| | —%— Muley and Manglik, 1999

Nu and f

10"
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Re
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Calculation based o =45°, ¢=1.14, atPr=6.13 (water at 1bar, 25°C)
f is Darcy frition factor, characteristic diameterd =2b/¢

Figure 2.11: A comparison of six correlations

Table 2.5: Some single-phase PHE correlation viaéir tvalidity ranges

Correlation Re [, degree§ @ | N, xPass Lpxw Description
(mm)
0.1- 25, 30, 40,
Bond, 1981 10,000 |45. 60 1.14 - -
Heat transfer data
Focke etal.,, |90- 0, 30, 45, 60, Single based on mass
1983 56,000 |72, 80, 90 1.464 channel 440x100 transfer
measurement
23/23, 23/45| .
Heavner et al.,|400- 45/45. 23/90, — | 12x1/12x1 B PHE typical _of
1993 10,000 modern designs
45/90
Wanniarachchi - - Based on Bond and
etal., 1995 1-10,00023-67.5 ~  |Heavner et al. data
Martin, 1996 | All range0-80 Al - _  |Heavily based on
range Heavner et al data
Muley and 30/30, 30/60| @=1.29 for the
Manglik, 1999 >1,000 60/60 1-1.5| 12x1/12x1392x163 tested units
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A Summary

In contrast with the established knowledge anddsteds for heat transfer and
pressure drop in straight pipes and conventionak legchangers, a generally
accepted theory, or correlation, for PHE design pedormance assessment has
not yet become available. This is certainly attrdolto the highly complex nature
of the PHE channel, in terms of its corrugationtdiead geometry, also in terms
of the almost infinite combinations of many othargmeters including the aspect
ratio, channel depth, port size, flow distributiptys many types of optional flow
arrangements. Plate corrugation is not an industaypdard, there are over 60
different corrugation patterns from different maattirers (Cooper and Usher,
1983). Although it is true that the chevron-typerragation is dominant,
geometries of those plates from different manuf&ctu are not identical, a
typical example is the types of patented corrugatéatures around the entrance
region aiming at more uniform flow distributiong. i believed that the only
accurate correlations are those produced by maruéas, based on many years
of research and extensive tests of specified pktdsarrangements but those are
usually kept confidential (Cooper, 1974a, ReppitB99). Such correlations,
once available, are still to be regarded as casbest with restricted applications
for specified conditions.

With all this in consideration, the task of achiyia general solution seems
hopeless. On the other hand, however, a generpplicable correlation could
have to focus only on important and common featwhile omitting minor and
irregular ones, at the expense of lower accuracymRhe most widely accepted
correlations, including all that have been reviewedthis section, it is seen that
chevron angle is (of course) a priority, enlargetmi@actor is an option, other
geometrical parameters and the effect of any flosmrgements are usually not
considered. Of those correlations, there is culyemt suitable information one
can rely on to judge which one is more accurate thihers, and it is usually
difficult to explain the disagreements between thamthose disagreements may
have resulted from, among others, geometry diffegs, incorrect treatment in
the data reduction, and measurement errors. btisinusual to find calculations
using some of those correlations to differ by mitvan +£30% or even over 100%
especially at lower Reynolds numbers. As such,etations shall be chosen
according to the plate geometry and used as roatiima&es only. For rigorous
assessments and for situations where high accusacgquired, it is always
preferable to conduct individual performance tests.
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2.6.3 Flow Distribution

The concept of flow distribution, in the case oatpl heat exchangers, refers to
that between channels and thus applies only toithéinnel units. Although the
flow distribution inside an individual channel cha another important technical
issue, it is rarely addressed in the open liteeatlihermo-hydraulic theories and
correlations for PHE’s largely work on the assumptiof uniform flow
distribution between channels, this is however tha case in practice. It is
generally accepted that flow maldistribution cacr@ase the overall pressure
drop and decrease the thermal performance. Therkoisever, no generally
accepted gquantitative determination method accogritr this effect.

Flow distribution is determined by inlet and exianifold pressure profiles, for
which two factors can have influences: frictionatde and momentum change.
Frictional force always causes pressure drops, mieenentum change may
however have two different effects: in the inletnifiald the deceleration of fluid,
due to outflow (into channels), results in actualpressureise, whereas in the
exit manifold the fluid confluence gives pressdrep in the flow direction. The
net effect of the two mechanisms depends on mactprig most importantly
channel pressure drop characteristics which detersnihe flow rate of the fluid
leaving the manifold and entering the channelsdffilow rate, and port size
which determines the frictional losses in the maldg. Most industrial PHE units
are arranged in single-pas$ or Z type flows; effects of friction loss and
momentum change on the pressure profile in these awangements are
schematically illustrated in Figure 2.12. A vertiae between the two pressure
profile lines represents the pressure drop. Evetribution of pressure drops
means even distribution of flow, since all chanregksidentical.

P2 P2

A
\

A

V4
- — — no friction loss - — — no friction loss
— high friction loss — high friction loss

U arrangement Z arrangement

Figure 2.12: Manifold pressure and channel flovirdistion
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As introduced earlier (Section 2.5.3), tletype arrangement is normally
expected to give more uniform flow distributionaththeU-type (Kakac and Liu,

2002). This was confirmed by Wilkinson (1974) irs liest on units of six

channels with pressure measurement on each indivichannel. The result also
indicated that in theU-type arrangement the liquid stream always “favors
channels closer to the inlet nozzle, more so ahdrigzolume flow rates. The

author further pointed out that this holds truedts large units.

Bassiouny and Martin (1984 a, 1984 b) carried otltemretical analysis on the
flow distribution and pressure drop in PHE'’s, basadthe assumption that the
friction loss in the manifolds is negligible. Thirett result from this assumption
is that pressure always rises in the inlet manitdlthg the flow direction, and
consequently th&-type arrangement always suffers more severe ntabdifon
than theU-type. This is because, with such an assumptiossgoire profiles in
the Z-type arrangement always tend to diverge, evinila U-type they tend to
remain relatively parallel (see Figure 2.12). Whhes assumption remains itself
highly arguable, Rao and Das (2004) concluded udimg same model that
maldistribution is more severe in tletype compared with thé& type. They
conducted tests of overall pressure drop with te arrangements, but no
obvious difference of the overall pressure droghat two conditions could be
seen.

2.6.4 Fouling

Predicting the fouling resistance accurately iseesal for any rigorous

performance analysis or design of heat exchangersFor refrigeration

applications as in the current study, the refrigeflows in a closed loop and is
usually assumed as clean, information of foulingasded for the water side.

In practice, scale or deposits on heat exchangdacgs cause a decrease in
thermal performance during operation due to reduoedrall heat transfer
coefficient. The effect of fouling is evaluated hyfouling factor,R;, which is
defined as the thermal resistance across the fpslibstance. Fouling is found to
be considerably less in PHE’s than in other tyffemxchangers. The main reason
for this is the high degrees of turbulence whichntan solids in suspension and
removes foulant (Marriott, 1971R: can be generally expected to be about 10-
20% of that in a tubular exchanger, from reportetiadavailable in the open
literature (Cooper, 1974a, Marriott, 1971, Stronabld989, Panchal and Rabas,
1999). It is evident but worth stressing that amreestimated value of the fouling
factor will have a much greater effect on the olNecaefficient of a high-
efficiency exchanger such as a PHE than on thanoéxchanger having a low
overall thermal efficiency. In the current studpital values of fouling factors
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Table 2.6: Recommended fouling resistances of PM&'FEMA values

. R; - PHE R; - TEMA
Process fluid 3 3
x10° mK/W x10° mK/W
Panchal and Panchal and

Marriott, 1971 Rabas, 1999 Rabas, 1999

Water
soft 0.018 0.018 0.18-0.35
hard 0.043 - -
Cooling tower water 0.034 0.044 0.18-0.35
Sea water 0.026 0.026 0.18-0.35
River water 0.043 0.044 0.35-0.53
Lubricant oll 0.017-0.043 0.053 0.36
Organic solvents 0.009-0.026 0.018-0.053 0.36
Steam 0.009 0.009 0.18
Process fluids, general 0.009-0.052 - -

for plate heat exchangers as quoted from two seu@eng with those of the
tubular exchangers for the convenience of compayisaoe given in Table 2.6.
The fouling factors of tubular exchangers are agdidtem the TEMA (Tubular
Exchanger Manufacturers Association) standard awiged by Panchal and
Rabas (1999).

There are currently no standard values of foulmgdrs available for PHE's, in
contrast to those for tubular exchangers. Considethe great variety of
corrugation patterns, it is reasonable to assumeoanetry-related fouling factor
applicable to a specific exchanger. Under the anstance where this
information is lacking, values provided in Tabl& 2an be used as a general and
best estimation.

2.6.5 Numerical Simulations

Numerical simulation, or in other terms, computaséibfluid dynamics (CFD),
has been the subject of recent interest for mamy &echanger analysts, due to
the vast computational resources available and ldgwent of numerical
solution techniques particularly in the last thirjgears (Nithiarasu, 2005).
Numerical simulation of any heat transfer problesseatially involves the
solution of the Navier-Stokes equations with thetowity and energy equations,
by commercial or specially developed software. Sificptions are necessary, of
mathematical expressions and geometrical conditbtise problem.
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There are a number of CFD simulations on the flattggn or heat transfer in
plate heat exchangers, e.g., Trifonov (1998), Melara and Poulter (2000),
Kanaris et al. (2004), Pelletier et al. (2005). Thajority of those concern heat
transfer and pressure drop in a single unitary @ebk simplified single channel
with only one corrugated plate, due to the highdyplex channel geometry. No
numerical simulation of a complete PHE channellbeen found. CFD modeling
has the advantage, among others, of being ablddw $ocal behaviour and
interactions, such as of temperature and velocégtar profiles, usually in
graphical interfaces. On the other hand, howeversd simulated results are
difficult to validate, especially for flows in caned and limited spaces such as a
PHE. Validations and engineering applications & @FD simulation method in
plate heat exchangers have so far been limitedygthot is known that some
manufacturers have used this method in their priodagelopment process for
years.

2.7 Two-phase Flow in PHE’s

A Drief history review shows that PHE’'s were notrmally considered as
suitable for refrigerant evaporators and condenkefsre the 1990’s. Concerns
included leakage from gasket materials, pressunmitsli (especially for
condensers), freezing risk, and high pressure dobgenerated, or in the case of
a condenser, entering, vapour in both the manifaldd plate passages. Early
applications of PHE’s in two-phase flow duties coomly involved heating
process fluids using condensing steam (Cooper, d9Rumar, 1983) with
usually moderate pressure on the steam side, gmeatyexample of this kind is
pasteurizing milk. PHE’s were also used as evaposaffor liquid food
concentration and sea water desalination (Kuma®3)L9%ven though some of
the major manufacturers had started developmengramess on PHE’s as
refrigerant evaporators and condensers since tddlenof 1970’s, as initiated by
the first energy crisis (Stromblad, 1989), applmas of this type of exchanger in
refrigeration systems only became popular afterittvention of semi-welded
PHE’s and brazed PHE’s in the early 1990’s. Mealaylthe ozone-depletion
issue in the mid-1980s also became a factor promathe use of PHE’s in
refrigeration systems because their compactnesfdwesult in a low refrigerant
charge (Ayub, 2003). In the last two decades, wh#ir inherent advantage of
high efficiency and compactness, it is believed BHdE’s have enjoyed a rapidly
increasing market in the refrigeration industryhnépplications including liquid
chillers, indirect systems, residential heat pumpsd absorption chillers
(Mencke et al, 2005).
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Investigations on two-phase flow in PHE’'s are iasiag but not are yet
extensive. Due to the complex nature of two-phakev,f fundamental

understandings of the flow boiling mechanism insthnique type of channel
(actually, in any type of channel) is rather ligdt In contrast to the thermal-
hydraulic process in single-phase flow, flow bdalins controlled by some
additional parameters, most importantly heat fiegour quality and local flow
regimes. Of the few empirical correlations avagabh the open literature,
coverage of those important parameters is usuatligjedd and unsystematic and
the operating conditions vary. As a result, thesenot a generally accepted
calculation method for two-phase heat transfer g@nelssure drop in PHE
channels. Some manufacturer-published informatiam leelp, but this is either
too general or restricted to a few aspects of cepeoducts (Ayub, 2003).

2.7.1 Adiabatic Two-phase Flow Characteristics

Investigations on adiabatic flows have mainly femlison pressure drop
characteristics and sometimes on flow visualizatiidre air-water system is most
often used. It has been a common practice to madigjuid with its vapour by
water and air for two-phase flows in conventionigles. This strategy normally
helps to ease the experimental arrangements.

It is widely agreed that PHE’s are not suitable gas applications due to high
pressure drops. At the same time, the topic idyaddressed in any depth in the
open literature. With the lack of information onsgaus fluid pressure drop in
PHE channels, one question may rise: could thdidncfactor correlations
obtained from liquid (water) flow be applicable gaseous fluids (air)? This
guestion becomes important when two-phase presduop calculation is
concerned, in adiabatic or phase-changing flowsstMd not all, empirical
methods employing the separated flow concept requiressure drop
determination of both the liquid and gaseous phadesn they flowing alone in
the channel. One would naturally assume that theesaorrelation should apply
for both phases. This is the case for conventitutallar channels, and has been
adopted by many investigators for PHE channels owith questioning.
Experimental results from a few reports may haygpsued this assumption. In a
test of air flow in corrugated channels by Gaised &ottke (1989), the friction
factors at Re = 2000 were compared with Focke.€1985)’s data using water.
Good agreement was obtained with deviations smaian 20% for all six
chevron angles in the range ot 20°-77.5°. Laboratory machined plates were
used in both investigations whege= 1.57 and 1.46, respectively. In another test
by Stasiek et al.(1996) on air flow in an indudtpawer plant regenerator, which
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has corrugated passages very similar to thoseéPéfEg, the friction factor at Re =
500 - 4000 and fixe@ =30° would give close agreement to that of Fodkal.e
with deviations smaller than 10% for most data tirReports on air flow
pressure drops in industrial PHE units were nohtbuOn the other hand, in an
effort of calculating PHE condenser pressure drigpmar (1983) obtained
different correlations for liquid and vapour phase:

f. = A/Re’? liquid
(2.93)

— 0.3
fq =B/ (Rell) vapoul

whereA andB are geometry-dependent constants, unique for gath Kumar’s
expression for liquid friction factor was in agremmh with the correlation
suggested by Bond (1981). More specific investayetion gas pressure drop in
PHE’s were not found. Nevertheless, informationilabde may have indicated
that a single correlation could be applied to h@thses without serious error, and
most investigators have used this treatment.

Some fundamental issues need to be consideredabadit flow pressure drop:
1. the dependence of two-phase pressure drop on huxs& fand mixture
quality x,
2. applicability of correlations from conventional cimeels for PHE'’s,
3. influence of geometrical parameters, particulaHgwon angle.

Creissig and Miller-Steinhagen (1992) measured-tpepbrt pressure drops of
air/water flow in an Alfa-Laval commercial PHE with= 60°, in the range of
Re=4000-64000. Considerable pressure drops werenas at such high flow
Reynolds numbers, single phase air pressure dre@@&Pa/m at Re = 4000 and
300 kPa/m at Re = 8000, for instance. It was fotimat the pressure drop
increases almost linearly with the mixture quakiywhich differs from tubular
flow where maximum pressure drops are normally nleskatx = 0.8 - 0.9. Four
correlations previously established for conventiaf@nnels were tried to predict
the data, three of which are based on separated dtincepts including the
Lockhart-Martinelli (1949) correlation and that bfuller-Steinhagen and Heck
(1986). All of those tend to over-predict the pressdrop data but the Dukler
(1964) correlation, which is based on the homogesenodel, gave reasonable
agreement, being better at high mixture qualiflése authors argued, reasonably,
that the complicated flow geometry in a PHE woulklx the two phases well
mixed, therefore heterogeneous flow patterns wilaigh often seen in tubular
flow (most commonly annular flow), are unlikely docur.

Winkelmann et al. (1999) experimentally investighter-water down-flow in a

corrugated channel with = 27°. At two mass fluxes of 50 and 100 kdf/(rs)
(air and water combined), it was observed that ftihetional pressure drop
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increases almost linearly with the mixture quaktyhis observation agrees with
that of Creissig and Muller-Steinhagen (1992). B¢hors correlated their data
by the Lockhart-Martinelli method using the oridir@zhisholm type of equation
(see Equation (2.65)), an average valu€ af 6 was obtained for all data points
coveringx = 0.05 to 0.9. The reported accuracy of the catauh is within 25%
of the measured values of two-phase pressure drop.

Tribbe and Miuller-Steinhagen (2001a, 2001b) ingatéd air-water flow in
typical industrial PHE'’s in greater depth. Measueeats of pressure drop in the
corrugated section, using thin needles interedtenligh the gasket, were taken
on three chevron angle combinations of 30°/30°,/&D° and 60°/60°, under
constant mass flux conditions in the range of 56@6 kg/(nf - s). It was found
that regardless of channel geometry, the measwtad pressure drop tended
toward a linear function of mixture qualiyexcept at very lowgualities. They
found that, upon applying the Lockhart-Martinelliethod, the Chisholm
parametelC varies considerably as a function of the Martingdirameteix, and
they recommended not to use a unique valu€for

Claesson and Simanic (2003) experimentally invaggtig pressure drop of R134a
adiabatic flow inside a BPHE channel. Plate geoyneformation was not given,
but it was reported that in the rangexof 0.1-0.7 ands = 18-48 kg/( - s), the
frictional pressure drop is almost linear with tipeality x. The pressure drops
were high, for example, 100 kPa@t= 48 kg/(nf - s) andx = 0.3. A general
correlation was not obtained due to the small nunabelata points, but efforts
were made to correlate the two-phase multipieto the Martinelli parametex

and a power law type af; —X relationship was suggested. A cons@rapproach
of the Chisholm method would not succeed becautsa@é variations.

Vlasogiannis et al. (2002) investigated air/watextare down-flow in an Alfa-
Laval P-01 PHE with 6 channels and a chevron aofjg0°. Four flow regimes
were identified based on visual observations thinoaigPlexiglas plate, embossed
with the same corrugation and placed as the lasé @f the exchanger pack. At
water superficial velocity; lower than 0.025 m/s, liquid mainly moves at the
bottom of corrugation furrows leaving a continugygess phase flowing in the
major part of the channel space (regime A)j:At 0.1 m/s and lovy, dispersed
flow was observed where small bubbles flow insidiégaid continuous stream
(regime B). At other superficial velocities of bgihases the flow was interpreted

! Upon using the Lockhart-Martinelli approach, tiee— X relationship could be given in

graphical form (as in the original paper, and Kufh884) for PHE condensation), by the
ChisholmC constant, or in other forms. The authors prop@sedw empirical correlation for
the ¢ — X relationship. Though they suggested not to useGheonstant method, as an
unique value oC would result in large errors, a close examinatbaws that when & value

of 4.00 is used the maximum deviation from theggested correlation is -23.7%, not so large
a value for two-phase pressure drop predictions.
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as combinations of the two. In another flow viszation investigation by Shiomi
et al. (2004), only dispersed flow was observethearange ofjs =0.01-0.56 and
jg = 0.14-1.2 m/s, on three PHE’s of 30°/30°, 30°/@hd 60°/60° chevron
angles.

Flow visualization investigations had often usexhsparent materials as a cover
plate, and it is noticed that pictures are alwaague and blurry because of metal
reflection, a problem not suffered by investigatiam pipe flows. This affects
flow pattern identifications which are already hdaassociated with subjective
judgments.

2.7.2 Flow Boiling Heat Transfer in PHE’s

Flow boiling heat transfer is a very complex pracesd the physics of this
process is still not well understood. Practical lmppions require quantitative

prediction of the flow boiling coefficient. Sincé is not possible at present to
solve boiling heat transfer problems by analyticalhumerical solutions of the

conservation laws, the coefficient is always oladinthrough experimental

studies and expressed by empirical correlationg fldw boiling heat transfer

coefficient is a complex function of transfer seddinish, fluid thermo-physical

properties but most importantly two-phase flow pagters, including primarily

mass flux, heat flux, vapour quality, and systenespure. Conventional

treatments involve the combination of two contribas: nucleate boiling and

forced convection (for more details refer to Settih2.3). For circular pipes,

these two are usually treated as additive or irerotbrms. For PHE channels,
while the same two components are considered septetheir contributions are
not clearly known. It is also generally agreed ttved-phase heat transfer and
pressure drop are flow pattern dependent, but moa@sventional models have
ignored this effect. Flow pattern related invedimas on two-phase flow in PHE
channels are very scarce, and there is no heasféraassociated modelling
currently available.

Overall Performance and Basic Features

Panchal et al.(1983) investigated the overall parémce of two industrial PHE’s
used as refrigerant evaporators. A series of t@ste conducted with ammonia
and R22 at various exit vapour qualities, chevnogles, heat flux, and mass flow
rates. In general, ammonia showed better performmahan R22 with higher
overall heat transfer coefficients and lower pressirops at same heat flux and
exit qualities. The two major conclusions were:
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1. nucleate boiling is a major mode of heat transber, forced-convection
will be more important for the upper region. Ressglhowed that the overall
heat transfer coefficient is not substantially uefhced by the refrigerant
flow rate and relatively insensitive to the cheviamgle, both indicating a
nucleate boiling dominant process.

2. the controlling heat transfer resistance is onrddfiegerant side. As a result,
increasing the water side flow rate (and thyd did not significantly
increase the overall heat transfer coefficientest wwvas conducted on one
exchanger unit before and after a nucleate bogirgnoting surface was
coated on the heat transfer surface; the overall thensfer coefficient was
increased by a factor of 2 or more at the samefheads.

Since only overall performance was tested, watet ezfrigerant side heat
transfer coefficients were not individually deten@d, and the relative
contribution of nucleate boiling and forced convwattcould not be determined
because local measurements were not made. Newwsshethe results are
important in academic value as well as for engingepractice. It might be
inferred from Panchal et al's observations that RiBporators will not benefit
from high angle plates, which only marginally inese the heat transfer rates but
significantly increase water-side pressure dropaltmater report Panchal and
Rabas (1993) confirmed that nucleate boiling is th@minant evaporation
mechanism up to the upper part of a PHE evaporA®such, a nucleate boiling
promoting coating on the refrigerant side can baieg but is only necessary to
the lower half of the plates. More data were regobron individual film
coefficients of both fluid sides of a 60° chevramgke unit in this latter report,
and it was shown that the porous surface coatiagased the ammonia side heat
transfer coefficient from 5700 to 29000 WAm K), with the water side
coefficient remains as high as 15000 WA(nK) and resulted in an overall heat
transfer coefficient increase from 3500 to 8100/( K).

Engelhorn and Reinhart (1990) conducted a seriesestE on a R22 direct
expansion (DX) PHE evaporator with and without aleti flow distributor. The
influence of vapour exit conditions was also inigeged, the overall heat transfer
valuesU for superheated refrigerant at the exit were apprately 25% lower
than those of the saturated state. Evaporator ipesfoce was considerably
improved after the installation of a flow distribut Experimental results showed
that the refrigerant heat transfer coefficibnthad a strong dependence on heat
flux g, and no significant influence of mass flow rateesgaporating pressure was
observed. Data points &f, were explained quite well by methods for nucleate
pool boiling.

Kumar (1993) reported two basic conclusions forpevation of water where the
heat source is condensing steam: 1. overall haasfer coefficient is invariant
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with water mass flow rat&, and 2.U is significantly lower at low evaporating
pressured. Boccardi et al. (2000) tested three refrigergRt$34a, R407C and
R410A) and it was found that R410A had the bestall/éhermal performance
under the same working conditions, while the otiagr had similar performances.
More recently Thonon (2008) reviewed experimentabrkv on propane
evaporation in BPHE's, it was concluded that thieigerant side heat transfer
coefficient for hydrocarbons is usually lower thimn R22 due to their specific
physical properties. For example, the higher latesdit of propane implies a
lower flow rate. Propane heat transfer coefficieaftd 700-2750 W/(rh- K) were
reported in normal working ranges of heat fluxqaf 6-10 kW/nf.

Dominant Flow Boiling Process in PHE: Forced Convdmon or Nucleate
Boiling?

Flow boiling heat transfer in pipe flow is estahksl to be the combination of
two basic mechanisms: forced convection and nueldmtiling, which well
represent the term “flow boiling”. Conventionallythe nucleate boiling
contribution is often calculated from pool boilicgrrelations, sometimes with a
suppression factor introduced, while the forced veation contribution is
calculated from single-phase correlations. For cachpeat exchangers including
PHE's, it is generally admitted that the two basiechanisms occur during flow
boiling, but no general predictive method is avagaThonon et al., 1997).

There are four most important working parameters¢oconsidered in flow
boiling in any channel geometries: evaporating suesP, heat fluxq, local
vapour qualityx, and the mass velocifg. Pool boiling heat transfer is a strong
function of P and g, plus surface roughne$, which is a fixed feature for a
certain channel. In general, nucleate boiling Heatsfer coefficients increase
with increasingP, g, andR,. On the other hand, single-phase forced convection
heat transfer coefficients are mainly a functiorflodv velocity, which is directly
relevant to the mass velocity and local vapour quality; P andq have only
marginal effects via fluid thermal-physical propest The influence of those
parameters on the overall heat transfer performartieates the contribution of
relative heat transfer mechanisms.

Thonon et al. (1997) concluded from experiments RA2 and R134a

vaporization in PHE’s that the heat transfer ceeffits could be either in a
nucleate or a convective boiling regime. The tramsibetween these two basic
mechanisms depends on flow characteristics and @isohannel geometry. It
was concluded that for PHE’s running as DX evamwsatthe dominant boiling

mechanism is forced convection. The authors sugdeat transition criterion,

Bo - Xy
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BolX, >0.15< 10°  Nucleate boiling dominan
BoX, <0.15¢< 10°  Forced convection domin:

where X, = /AP, / AR,

In the above equatioBo - X ¢ is a product of the boiling number and the
Martinelli parameter, this criterion takes into agnt the operating parameters
but not the geometrical effects.

(2.94)

Ayub (2003) pointed out that in PHE flooded evapana it is possible that the
majority of the heat transfer is through forced \eation rather than local
nucleate boiling, due to the narrow complex passageit nucleate boiling
probably plays its role in the lower sections. 8tbdad (1989) argued that high
shear and homogeneous two-phase flow characteristicorrugated channels
result in rapid suppression of nucleate boiling] as a consequence, in the entire
channels the boiling process takes place by twe@l@nvective heat transfer.
While both statements are technically reasonaater Experimental observations
of various authors suggested otherwise. Panchell €1983) observed that in an
ammonia liquid-overfeed system the overall heahdier coefficient is not
changed significantly by increasing the ammoniawfloate. Engelhorn and
Reinhart (1990) found that data points in a R22pevator showed strong
dependence og. Kumar (1993)’s test on water flow boiling showttht U is
invariant with water flow rat&, Panchal et al. (1983) and Uehara et al. (1997)
both obtained very high overall heat transfer domdifts applying nucleate
boiling-promoting material on the refrigerant siéd.those observations seem to
suggest a nucleate boiling dominant process in Ri#porators. Claesson and
Palm (1999) experimentally determined the evapogadind superheating regions
of a brazed PHE R22 DX evaporator using thermochraiouid crystal (TLC, a
material which changes colour with temperaturehnépues. In the range gf=
6-15 kW/nf with superheating of 1-10°C thevaporating regiorheat transfer
coefficient was only a function of the boiling hdatx and not the mass flux,
which led to the authors’ conclusion that the Ingjlprocess in this type of heat
exchanger is mainly in the nucleation boiling regio

From the foregoing, it seems clear that nucleatdingowill be a dominant
boiling process in a liquid-overfeed PHE where quili-deficient region is not
likely to occur. For DX systems two-phase forcedneection evaporation may
become important for the upper part. There arefagtors which are unique in a
PHE evaporator and need some consideration. Firstlflow velocity in a PHE
evaporator is usually significantly lower than thatpipe flow at comparable
mass flow rates (cooling loads), due to the wida/farea, and this effect favours
local nucleate boiling. Secondly, most, if not &HE evaporators are arranged in
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single-pass configuration for the refrigerant saael the flow length is very short.
Consequently, when dry-out occurs, even for a deadgth of the channel, it will
occupy a considerable portion of the channel amdgba severe effect on the
overall heat transfer coefficient. The latter featwas seen in a number of
investigations. Panchal et al. (1983) observed #tan a R22 evaporator, at
comparable heat flux and both water and refrigesatd¢ mass velocities, the
overall heat transfer coefficient dropped 44% wttenexit quality changed from
0.63 to 0.98. Claesson and Palm’s test (1999) stiothat when the exit
superheat changed from 1°C to 10°C, the evaporatieg dropped sharply from
90% of the total surface to 20%. The same auth@l@esson and Palm, 2002) in
a later paper pointed out that when there are ®&gions present — boiling and
superheating regions, those two need to be treatkddually in predicting the
evaporator performance. Sterner and Sunden (2064) Jokar et al.(2006)
divided the PHE DX evaporator into two regions heit experimental analysis.
The basic method of determining the individual arefthese two regions, which
was also outlined by all groups of authors, is giwe Appendix M However,
Claesson and Palm (2002) had pointed out that thethod tends to
underestimate the area of the superheating regheamwompared with measured
areas using the TLC (Thermochromic Liquid Crystééshnique. Other accurate
calculation methods for determining the areas e$éhtwo regions have not been
available.

Sterner and Sunden (2006) argued that for smahraa ofd, = 2.5-3 mm the
channel dimension plays a critical role in deteiimgnheat transfer mechanisms,
and conflicting data interpretations and conclusioould be drawn depending on
whether the channel size is greater or less thameswitical space dimension.
This is a reasonable statement, but may not bentie cause of the issue. Most
industrial plates are in a rather small range afugmtion depth and hydraulic
diametergdy, are usually well beyond 3 mm; in cases where ooy machined
plates are used, those are often of similar oresleap corrugations. Plam and
Claesson (2006) in another paper noticed the coatplef flow boiling and
disagreement of different authors, they statedttiedifference in opinion seems
not to be explained by differences in the geomgtacameters or in the flow
conditions. They further reported that for DX evegiors there is a dominating
influence of heat flux and only a minor influencé mass flux and vapour
fraction, but this does not necessarily mean th@&teation is an active process
under all conditions; thin film evaporation migh¢ lan important heat transfer
mechanism which is also a heat flux dominating gssc

It is evident that local flow structure has theostyest influence on the local
boiling mechanism. It is also possible that theef of heat flux and mass flux
on the heat transfer coefficient only become sigaift when those parameters
are greater than certain magnitudes. The choicéghefmass flux in a PHE

evaporator is flexible even at comparable heatefuMsing the same refrigerant
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because of the free choice of the number of chankelr DX evaporators there is
a direct connection between heat flux and mass, flukich makes it very
difficult to distinguish between the two contribans.

The question of which mechanism is dominating iIRHE evaporator has not
gained an agreed answer and thus remains open.ltlke€som various
investigators have led to different, and sometic@¥licting conclusions. There
is no in-depth and systematic investigation devdtedhis topic in the open
literature. All correlations available are based siatistical analysis without
regard to the physics of the boiling process tleatios in this type of channel.

Heat Transfer Enhancement in PHE Evaporators

It is a well known fact that liquid over-feed, dodded, evaporators are more
thermally effective than direct expansion (DX) ewegiors. This also applies to
other types of evaporators. One of the reasonghferimprovement is certainly
due to the fact, as is also known for pipe flowgttdry-out occurs at the upper
section of the transfer surface of a DX evaporditie situation is more severe
for a high performance evaporator, bearing in mihdt in normal one-pass
working conditions the flow channel is already shd@ne other reason, not
usually addressed, might be attributed to the ifletv distribution. A DX
evaporator has liquid-vapour mixtures at the intte to liquid flashing at the
thermal expansion device. Hewitt et al. (1993) earted an excellent analysis on
the liquid/vapour interface in the manifold. Thegnaonstrated that from the inlet
port along the flow direction, vapour would risestiand then the liquid. As a
result, a certain number of channels would contapour and the remainder pure
liquid, and this effectively leads to the “undeiliming” of the heat exchanger.
This analysis gives a reasonable perspective ofwbephase maldistribution at
the PHE evaporator inlet, while its effect on thvemall heat transfer rate depends
on two things: number of plates and inlet vapoualiqy In a test by Kedzierski
(1995) on a DX evaporator of 36 plates with R22hesworking fluid, the effect
of flow maldistribution was investigated by feedibgth saturated and subcooled
entering refrigerants; in the latter case the arhofisubcooling was set to offset
pressure drops that would occur and cause flashingjever, no significant
difference in the heat transfer performance ofetagporator was observed.

Some authors (Engelhorn and Reinhart, 1990, SteanérSunden, 2006) have
reported heat transfer improvement by the instaliabf an inlet refrigerant
distributor, all concerning DX systems. This is justifiably aocording to the

! A distributor basically consists of a tube witmal bores, one per channel. But there are

various patented designs. Installation of a distdbis a convenient option usually offered by
manufacturers.
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analysis above, and it could possibly be said #&dtstributor would not be as
effective for a liquid-overfeed evaporator sinces ttype of evaporator does not
suffer from liquid/vapour maldistribution in therdt place. Stromblad (1989)
reported that the largest liquid-overfeed evapasat@mve about 300 refrigerant
channels (600 plates for the exchanger pack), wbildX systems the number
of channels should not be excessive (maximum nusno@rgiven).

Promotion of heat transfer on the refrigerant skes proved effective in
increasing the PHE evaporator overall heat transfex. This is because PHE
evaporators usually have the major thermal resistaon the refrigerant side.
Panchal et al. (1983) obtained an increase of #eeatl heat transfer coefficient
by a factor of 2 after application on the refrigagraide (ammonia) of a porous
surface coating specially designed for promotingleate boiling. Uehara et al.
(1997) tested a R22 shell-and-plate evaporatotggaometries very similar to
that of a PHE) where the refrigerant side was cbatgh aluminium powder,
very high overall heat transfer coefficients of 82800 W/(nf - K) were
observed. Longo et al. (2004) obtained improved Re& transfer coefficient by
30% - 40% using a “cross-grooved plate surfaceis #stablished that the water
side heat transfer coefficietit,, can be several times greater than that of the
refrigerant sideh,, as Gray (1984) stated: PHE evaporators usuahyecwery
high heat transfer coefficients on the liquid side aywbd coefficients on the
boiling side. According to various sources (Marid971, Raju and Chand, 1980,
Panchal et al., 1983, Stromblad M., 1989, Engelremmd Reinhart, 1990), at
normal conditions, values &f,, = 3000 - 12000 W/(f- K) for water, anch, =
1000 - 3000 W/(rh- K) for R22 and 2000 - 5000 W/fmK) for ammonia can be
expected.

2.7.3 Two-phase Pressure Drop

Two-phase pressure drop in a PHE unit has many coemngs. Under common
conditions pressure measurements are taken anldteand exit of the unit, and
the total pressure drop (measured value) includesgarts: pressure drop due to
the channel frictionAPsic, pressure drop at the ports and manifolcZyon,
pressure drop due to momentum change (accelerati®n). and pressure drop
due to gravity (elevatiom\Pge,. Of those the frictional pressure drop is by fea t
major part and almost the sole interest of all stigations. Evaluation methods
of those components are reviewed in this section.
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Frictional Pressure Drop

For the calculation of two-phase frictional pregsdrop in PHE channels, many
authors have chosen the Lockhart-Martinelli meth@dhers have used the
homogeneous model treatment. The Lockhart-Martinelethod has been

reviewed in detail in Section 2.3.3; this methoquiees determination of thex-

X, i.e., two-phase multiplier and Martinelli paramewt relationship. This

relationship can be given in many ways, for examplean be in graphic forms
(as in the original paper), or by the Chisholm mdtiwvith aC constant (Equation

(2.65)), or other equation forms as found suitdblethe experimental results.
The Chisholm method is widely employed; howeveffedent values of the

Chisholm constant have been reported with large variations.

Cooper (1974b) of the APV company might be thet firsthe literature who
proposed the Lockhart-Martinelli method in PHE tplwase flow applications.
The author reported that for steam condensation ube of the Lockhart-
Martinelli formulation gave the best fit of the datmong a number of
correlations tried;py was used instead afs and thegy —X relationship was
obtained by curve fits but not given in the papg€umar (1983) of the same
company later reported more details in applyings timethod for steam
condensation pressure drop calculations. A figarsfof thegs —X and alsogp, —
X relationship was presented, which yields non-fixatles of theC parameter
(C=5.4 atX = 1) if the Chisholm method is to be used. Itngortant to note
that Kumar had used different correlations for tlguid and vapour phase
pressure drops in his method. The Martinelli patameé is determined from its
original definition, as given by Equation (2.60khieh gives different values than
if determined by the widely recognized equation émcular tubes, Equation
(2.61).

Thonon et al.(1995) reported that for two-phasessuwee drop in corrugated
channels the original Chisholm equation can be wsighd C=8 to obtain good
estimation of the two-phase flow multipligsz. The Martinelli parameteX was
however evaluated by the circular pipe flow Equatja.61) and no information
on the channel geometry was given. Winkelmann.gtLaB9) later reporte@ =

6 for air-water adiabatic flow in a single corrugditchannel with chevron angle
of 27°. Asano et al.(2004) report€tl = 2.73 for air-water adiabatic flow in a
single channel with chevron angle of 60°. Tribbe &tuller-Steinhagen (2001)
observed that in their air-water adiabatic flow esxments the data obtained
could not be represented by the Chisholm equatitim avunique value o€, and

a form of ¢ —X correlation was suggested. Claesson (2005b) teehisholm
method for calculation of refrigerant pressure diapDX evaporators, the
Chisholm parameter was fitted from the experimediéah in the fornC =f (Rey,
X). Palm and Claesson (2006) later reported thatngles value of C=4.67
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correlated the data reasonably well. Sterner andd&u (2006) applied the
Chisholm parameter for their ammonia DX evaporat@swas found as a
function of the liquid-only Reynolds number, i.€,=f (Rey).

It is seen that many investigators have favourddguthe Lockhart-Martinelli
approach in calculating two-phase frictional pressdrop in PHE channels,
especially for adiabatic two-phase flows. HoweMVee &; —X relationship, or
value of the Chisholm parameté€rwhere used, could not be agreed upon. The
disagreement is certainly relevant to the varietyclmannel geometries tested.
Another possible reason, among others, could be tdu¢he difficulty of
accurately predicting the single-phase gaseouspregradient. Confirmation is
still needed whether correlations obtained fronglgfphase water are applicable
to refrigerant liquid and vapours. It is importaotnote that where the Lockhart-
Martinelli method is used for phase-changing catahs, such as evaporation
and condensation, the channel length must be isplitseveral zones; in each
zone the individual liquid and vapour componentspuge drops are to be
calculated using pertinent correlations. This isduse the method is for the
adiabatic flow condition only. With modern compudat facilities available, a
stepwise integration can be carried out numeridaylydividing the flow length
into a great number of subsections, say 100 or more

Other methods have also been proposed. In fact proppsed frictional factor
correlations from experiments on PHE evaporatorsehbdeen based on
homogeneous theory, with the friction factor beemgunction of local mean
vapour quality and liquid-only Reynolds number. §hg seen in a list of
empirical correlations available, as given in Tablé in the following section.
Yan and Lin (1999) first proposed a simple two-gh#sction factor correlation
(Equation 2.98), followed by Hsieh and Lin (200B03) and Han et al. (2003)
with similar forms (see Equations (2.101), (2.1@8)d (2.105)). Ayub (2003)
presented a very simple correlation for two-phaeening friction factor which is
a function of vapour-only Reynolds number and cbewangle (Equation 2.107).
Jassim et al. (2005) observed from R134a adiaHaticin a single chevron-type
channel withf=60° that a linear relationship between pressump &P and
homogeneous kinetic enerdy’/(2om) exists in the two-phase flow at a given
quality in the whole range of= 0-1. Longo and Gasparella (2007) also reported
the same linear relationship betwes andG?/(2p.), from their tests on R134a,
R410A and R236fa evaporation in a BPHE witt65°. If the observations from
those two groups of authors could be validatedcutation of two-phase
frictional pressure drop in PHE channels will beaily simplified by using the
homogeneous model with a relatively fixed fricti@ator.

There is no published information available for #ffect of flow maldistribution

on two-phase pressure drops, since most two-pm&stigations were carried
out in just a few channels and no severe flow nsadithutions were present. One

78



would assume that the same type of pressure-purieng flow distribution
may also occur for two-phase flow. In the casarotvaporator, vapour flows at
much higher velocity than that of liquid in the emianifold; the pressure profile
should be changing more steeply than in the casengfe-phase flow, hence the
flow maldistribution would be expected to be moegeye. This can not, however,
be taken as conclusive without verifications froxperimental work.

Other Pressure Drop Components

There are basically three other pressure drop coemnge: acceleration pressure
drop AP4cce €levation pressure drayPeiev and port pressure draPpor. The first
two components can be readily calculated by thedgmnous model as given by
Equation (2.53.b) and (2.53.c), or alternativelgythcan be calculated by the
separated model as given by Equation (2.59.b) ark® (), but in the latter the
void fractiona needs to be determined using additional empioaielations.
The port pressure drop is usually evaluated by dimgle-phase correlation,
Equation (2.86), assuming homogeneous flow. Thimggn gives:

AP, =153 pu) (2.95)

m

where m indicates that density and port velocity are to deluated by
homogeneous mean values. Equation (2.95) was deggist by Yan and Lin
(1999) and followed by a number of other investgst Ayub (2003) proposed
another simple correlation:

Agmqu%me (2.96)

Equation (2.96) is a conversion from the originaé avhich was in English units.
The equation accounts for pressure drop in bo#t artd outlet ports.

Sometimes the calculation of overall pressure dsdprther complicated when a
flow distributor is present, whose effect on pressdrop is very difficult to
evaluate without relevant information from the miacturer. As it is seen that
some of the pressure drop components are evalbgtesnpirical methods, the
accuracy and thus their effect on the final frinab pressure drop is hard to
evaluate. Fortunately, it has been found that thetidnal pressure drop
component is by far the largest part, usually benmuge than 90% (Yan and Lin,
1999, Han et al., 2003, Lango and Gasparella, 200ihe measured overall
pressure drop.
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2.7.4 Heat Transfer and Pressure Drop Correlations

A handful of correlations are available in the ofiarature, for various flow and
plate geometry conditions. None of these have beeified for a wide range of
applications. Some of the correlations are reviewethis section; for clarity,
details of these correlations reviewed are tabdlate able 2.7.

Yan and Lin (1999) investigated local R134a flowiling heat transfer and
pressure drop in a two-channel PHE with a chevragleaof 60°, in the quality
range ofx = 0.1-0.8 with quality change afx = 0.09-0.18. They observed that at
low values of vapour qualityx(< 0.45), mass flux had a small influence lpn
while beyond thath, increased rapidly witl. Heat flux had very little effect on
the overall heat transfer performance. The authmyposed two-phase refrigerant
Nu andf correlations, which are among the earliest pubtisand one of a few
based onlocal vapour qualities. However, difficulties in applgi those
correlations have been reported. It is noticed that heat transfer correlation
(Equation (2.97)) shows very poor agreement withdhthors’ own data (given
in graphic form in the paper) with the predictedueafalling far below the data
points. This problem was also reported by Donowakd Kandlikar (2000).
There might be typographical errors in the publishiersion, or perhaps direction
on the proper use of their correlation is needethfthe authors. More recently
Garcia-Cascales et al. (2007) used this correlaticamcomparison work and the
predicted heat transfer coefficient needed to bétiplied by a factor of 8 to
match it to the experimental results obtained.

Donowski and Kandlikar (2000) used Yan and Lin'sadand proposed an
improved correlation. The new correlation, givenHxuation (2.99), is based on
the form of the Kandlikar correlation (1991) forgmuented tubes but exponents
for Bo, Co and 1-x) are re-evaluated from best-fits to the experiraledata. The
original Kandlikar correlation is given by Equati¢235). Good agreement was
reported for the improved correlation with a meeoreof 16%.

Hsieh and Lin (2002), following Yan and Lin and dme same experimental
apparatus, carried out an investigation on R410trated flow boiling heat
transfer and pressure drop. They observed that lipotind AP increase almost
linearly with heat fluxg, and that mass flu§ had a significant effect o only

at higher q. Empirical correlations were provided for Nu afdgiven by
Equations (2.100) and (2.101). In their test thdGdinlet quality was always
preset to be saturated liquid, while outlet queditivere not given. This makes
their observations less valuable and the reportedelation is lacking a
comparison basis to others, since the tested donsditvere neither as a whole at
standard conditions for refrigerant evaporators (@Xiquid-overfeed) nor with
locally specifiedx or range ofAx. The same authors (Hsieh and Lin, 2003) in a
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later report presented R410a evaporation performaiata based on local mean
vapour qualities, at, = 0.1-0.8 andAx = 0.126-0.337, and a new set of
correlations was presented, shown by Equation®22.4and (2.103). The new
correlation forh;, however, was noticed to be a complete adoptiaheiGungor
and Winterton 1986 correlation (see Equations (2tRdough (2.27)) for tube
flow without any modification. The single-phaseuid heat transfer coefficie

and the Martinelli parametet;, as required by the method, were both evaluated
using smooth circular tube flow equations. Accelgagreement with data was
claimed by the authors but this treatment remaartamly questionable, and no
explanation of its physical basis was given.

Han et al. (2003) performed experiments on threelBPB of different chevron
angles with two refrigerants, R22 and R410A. Evapon heat transfer
coefficients and pressure drops were measuredwaitying P, g, G and localx.
Heat transfer coefficients were observed to in@easth increasing vapour
quality in all units. Empirical correlations werdtained which are given by
Equations (2.104) and (2.105). Han et al.’s coti@hais another one that is based
on local mean vapour qualities, but the determamadif this local quality was not
clearly given. A tentative calculation, for exampfer the testing condition of
R410A atG = 27 kg/(nf - s) andg = 5.5 kWi/nf, showed that\x is 0.5, this
brings the question whether the result can be deghmas “local”, it is also
confusing as the range of data points coveggd 0.2-0.95 at such Ax (xm £
0.5 Ax will be out of the range of = 0-1, at extreme points). Explanations of
those questions could not be found in the paper.

Ayub (2003) presented heat transfer coefficient amd-phase friction factor
correlations, based on a decade of design anddigddrience, and data collected
from a number of ammonia and R22 installations. Toerelation for heat
transfer is independent of heat flux, but a leadingstant takes different values
for flooded or DX systems. The correlations wergiaally in English units,
which were converted into Metric units and given Bguations (2.106) and
(2.107). Ayub’s correlations are so far the mosversal for PHE evaporators,
they cover the two most widely used refrigerantsy types of systems (DX and
liquid overfeed), and any type of commercially dafalie plates with any chevron
angles. The correlation for heat transfer is howevelimensional form, which is
easy to use by field engineers but dimensionaltpmsistent.

Sterner and Sunden (2006) investigated ammoniattaeefer and pressure drop
on five commercial PHE’s with different geometricanfigurations. Three sets
of correlations were obtained using linear regmssanalysis for the five

evaporator units, those are given by Equation9@.and (2.109). All tests were
performed under realistic DX conditions where timensonia inlet quality is in

the range of 0.05-0.1 and outlets were at supest@a?-10 °C. The correlations
gave reasonable accuracy in the range over whahilere developed, however
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any application outside those conditions shouldibee with caution. They are
not likely to be suitable for liquid-overfeed andyasystems employing
halocarbon (HCFC, CFC) refrigerants, the reasongbe

1. The mass fluxG has a high value of exponent of 1.05-1.41. Incaidl-
overfeed system where the recirculation rate (dmgs G) is high, this
correlation will give unreasonably high values loé theat transfer coefficient.
Also, under comparable cooling loads, CFC refrigeraass flux will be 5-
10 times higher than that of ammonia, which wilsuk in a 5-26 times
higher heat transfer coefficient by this correlatio

2. The parameter £/1 (in the Co number) has an exponent of 1.44-2r2BDX
systems, the value of is between 0.53-0.55 (corresponding to inlet vapou
guality of 0.05 and 0.1, as in Sterner and Sund@@66) paper), while in
liquid overfeed systems is usually around 0.25-0.35 (corresponding to
outlet quality of 0.5 to 0.7). It can be shown ttias again will bring the heat
transfer coefficient up to 6 times higher.

Jokar et al. (2006) carried out a dimensional aslpn two-phase flow in
corrugated channels and presented empirical ctimetabased on data collected
from a PHE DX evaporator using R134a. The authegpsnted that in correlating
heat transfer coefficient with flow parameters @lgen type of correlation, i.e.,
the summation of the two terms of forced convectod nucleate boiling, did
not work well. For pressure drops, the Lockhart-titetli model was found not
suitable, while the homogeneous model best destribe experimental data.
Empirical correlations were proposed for Nu and -plasec; as given by
Equations (2.110) and (2.111). The authors repaatetage deviations of 31%
for the Nu correlation and 46% fax, which are higher than in most other
reported correlations. Again, the form of Jokaal&t correlation for heat transfer
coefficient indicated that it is not suitable fardid-overfeed systems, as the term
1/x has an exponent of 2 dm. Moreover, the vapour quality had to be
evaluated by the inlet and outlet mean (0.4 and 1heir test) since no local
measurements were taken. This type of treatmenesithle effect of local vapour
guality more obscure than clear, and at times wiéarge exponent is assigned
to the mean vapour quality by means of regressiayais, as in this correlation,
a change ok, due to change of working conditions will resultnmuch greater or
even unreasonable changes of the heat transfdroteatf calculated. The authors
made a comparison between their data with the YahLan (1999) correlation,
and (surprisingly) it showed consistency in tremdl anagnitudes. It has been
reported earlier in this section that Yan and Liotarelation, at least in its
equation form as given in the original paper, hagomerrors and deviates
significantly from their own data. The agreementlokar et al's data with this
correlation is confusing, which makes the applaatiof this correlation
guestionable.
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Palm and Claesson (2006) recommended that for Hoivng heat transfer the
Cooper (1984, Equation 2.5) pool boiling correlatic to be used with a
correction factor of 1.5. It was concluded that fleav boiling in a DX PHE
evaporator is a heat flux dominant process; as,stlidh Cooper correlation
showed good accuracy for a number of refrigeraft$E’s and pressure level,
and is very simple to use. For two-phase frictigmalssure drop calculations, the
Lockhart-Martinelli method was suggested with aefixChisholm parametet
set to 3.

Longo and Gasparella (2007) experimentally inveséd heat transfer and
pressure drop of R134a, R410A and R236fa in a sBRHE. As outlet vapour
guality was a controlling parameter, there is adiconnection between heat flux
and mass flux and their contributions could notskparated. The heat transfer
coefficients showed great sensitivity to heat flard corresponding mass flux),
weak sensitivity to evaporating pressure, and dedpmarkedly when outlet
superheat was increased. The authors concludedityatut occurs in the upper
part of the evaporator and the decrease of thethaatfer coefficient is due to
the increase in the superheating portion of thet twasfer surface. R410A
showed heat transfer coefficients 40-50% highen tRd34a and 50-60% higher
than R236fa under the same operating conditionscdrelation was proposed
for the flow boiling heat transfer coefficient, bekperimental results were
compared with two well known correlations for nuatke boiling: the Cooper
(1984, Equation 2.5) and Gorenflo (1993, EquatioB) Zorrelations. It was
found that both correlations were able to preditB%&a and R410A data with
acceptable agreement, with the Cooper -correlatioerfopning better
(approximately £20% deviation), whereas both ungledict R236fa data. The
authors assumed that this is due to the fact ti84R and R410A evaporating
data were controlled by nucleate boiling, wherea8@®a data is affected by both
nucleate boiling and forced convection. This asdionpwas justified by
applying the criterion suggested by Thonon et au@ion 2.94). Two-phase
pressure drop was well predicted by the homogeneradel, but an explicit
correlation for friction factor was not given.

Garcia-Cascales et al. (2007) compared six coiwektvith experimental results
obtained for R22 and R290 from two PHE evaporatditsose correlations
included that of Yan and Lin (1999, witlh multiplied by 8), Hsieh and Lin
(2002), Han et al.(2003), the Cooper (1984) podlirmp correlation, and two
others traditionally applied to fin and tube heatlengers but adapted by the
authors to plate heat exchangers. Good results wlgi@ned with the Cooper
correlation which led to the conclusion that thaicleate boiling plays an
important role in the test cases.
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A Summary

It is noticed that most correlations available weeseloped by the investigators
to represent their own data, covering usually kaiplate geometry and working
conditions. A few authors made comparisons of theirelations with those of
others, but none have gained wide validation to @ngctical extent. All
correlations are based heavily or entirely on stigal analysis, which makes
their application beyond their tested range highsky. As demonstrated for
some, doing so can brought unreasonable results.

To date a general method or correlation for preaticteliably the flow boiling
heat transfer and pressure drop in PHE evapor&tssnot become available.
Predictions by different correlations can give velriferent results at specified
conditions. In terms of generality, Ayub’s corréat (2003) is the most
promising one, which covers two of the most commmefrigerants, two
evaporator types, any plate chevron angle, overide wange of practical
conditions. The Donowski and Kandlikar (1999) ctatien also remains
promising. This correlation works with local heaartsfer coefficients which
makes it preferable for wider applications. It &sbd on the form of one that has
gained some popularity for round and augmentedstubee good agreement of
this correlation with data might indicate that caupheat exchangers could be
treated as augmented tubes, with introduced augtiemtfactors accounting for
surface enhancements. This correlation was develfgpea chevron angle of 60°
only and different sets of constants might be nddde other plate geometries;
moreover, the employment of a fluid-dependent patamn this correlation may
restrict its use with certain refrigerants.

Table 2.7: PHE two-phase heat transfer and pressapecorrelations

Investigator | Correlation Details

Nu, =1.9260Rg,0Rg *°0 B0 RP¥  (2.97)

for 2,000< qu < 10,00
R134a/water,

6-314:;" 18 . Re, < 6,00( 2 channelsf=60°,
_ | Reyg T TRe, (2.98) ®=1.22, »=5.8mm
Yan and Lin, Cip = 31_21Dqu0'04557 ' local, Ax= 0.09-0.18,
1999 T Re0S Re,y 2 6,00( Xm=0.1-0.8
° 0=11-15 kW/n,
Nu, =hd/k, Re, =Gd /44, Bo=q/(Gly), G,=55, 70 kg/(f s)

Reyq = Rg,[Cy, Bog, =B0o/C,

0.5
Co=1-x+xXp /) »d=d,=2b,
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o Nu g 184063+ 225.5F, 0 B&®

Donowski (1'X)0'003ENUr f
igidlikar (2.99) Yan and Lin’s data
2000 | Nu, ¢ =0.28751Re*™® P#?, single-phase liquid
F, is a fluid dependent parameter.
h,cat = ¢ (88B8°) (2.100)
0.14
R410A/water
— 0.78 / H
Nu, ; = 0.209ZIR¢” "0 P 3[@—# ” J Plate geometry same ag
wal .
Hsieh and |single-phase liquid Ya_n and Lin, 1999,
Lin. 2002 Xin=0, Xout UNknown,
in, 6o = 61,000 (2.101) g=5-35 kwi/nf,
" Re G,=50-125 kg/(rf s),
d=d.=2b P:lO8, 125, 14.4 bar
e
Re,, see Yan and Lin (1999) correlation
h = Eh + SOy (2.102)
h =0.023Re>® PP4(k )
. . 410A/water
hyoo DY Cooper 1981 correlation, Equation (2. late geometry same ag
_ 16, 1.37 Yan and Lin, 1999
Hsieh and E =1+ 24,00080™+ 088 Local, x,;=0.1-0.8,
Lin, 2003 4 Ax=0.126-0.337,
$=(1+1.15¢ 10° (F Rg""/) =10, 20 KW/,
93820 G,=50-100 kg/(m s),
fo =—115 (2.103) |[P=10.8, 12.5bar
Reeq :
Re,, same in Yan and Lin (1999) correlation
Nu, = Gg Re;® Bqy° PP* (2.104)
fip = GeyRegq ™ (2.105) | R22/water, R410A/watef,
_ -0.041 283 3 BPHE's, all 5 channels
Ge =2811 H)" B f=d5°, 55, 70°,
Hanetal., ||Ge,= 0.74§) H) %508 9=1.17, 2b=4.3mm,
2003 B 527 __3.03 Local,x,=0.15-0.9
Ge, = 64,7141 H) ™' 4 4=2.5-8.5 KW/t
Ge, =-1.3144 H) %04 G=13-34 kg/n- s,
. . . | TsaEb-15 °C
Binradian,d = d, =2b/¢, Re,, and Bo., same in
Yan and Lin (1999) correlation
0.4124 H
Re 2j 0.35 | Ammonia, R22,
h =0.025(C DgﬁJ T by 80'12(6—5j Flooded and Dx,
Ayub, 2003 d, Lo 6 for any type of

(2.106)
C=0.1121 for flooded and thermo-siphon,
C=0.0675 for DX,

commercially available
plates with all chevron
angles.
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P.=P/Py, 8=90°-4,d=d,=2blg
Gp = —— (-1.89+ 6.5R- 36%)  (2.107)
Rego
R=30/4,
for AR, , entire flow considered as vapour,
m=0.137 n= 2.99 for Re 4,000
m=0.172 n= 299 for4,000<Re 8,00
m=0.161 n= 3.15 for8,000<Re 16,0
m=0.195 n= 2.99 for Re 16,000
— C, 3 4
Nu = ¢, [Re,, °: [U&°0C6 (2.108) | Ammonia/water, or
C-= Cs (2.109) ethylene glycol-water,
Rey, © ' 5 PHE'’s, 1 with
distributor
Rey, =Gd /u; , Rey, =Gd /u; , ’
fo Hio R0 Hi p=59° for 4, 65° for 1
Sterner and | j,- G, 1 ATy L d=d. =2b 2b=3.6, 5, 5.6 mm
Sunden, 2006 s Py ¢ Ng=63-99
AT, =T,., - T, (count-current), DX, overall,x,=0.05-0.1
' ' os Xour1, ATgy=2-10°C,
coc[1oX %8 p, )\ q not given,
S o G=0.5-9.5 kg/(rf s)
Tsa=-3-6°C
C is the Chisholm parameter sar”
0.1
GZ
Nu, = 0.603Rg*® P/ ————
2R VYA I R134a/ glycol-water,
L \05 » , (2110)| p=60°, =4 mm,
P g (pfa-} 1.5 N, >30
Jokar et al., G* HG X P =P DX,l overall,  x=0.4,
Xout=1,
2006
6, =352 10—~ P= 200-600 kPa,
’ Re,C, (2.111) |q and G, not clearly
for 70< Re, < 420 given.
d=d,=2b

C, same in Yan and Lin (1999) correlation
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CHAPTER 3

EXPERIMENTAL INFRASTRUCTURE

3.1 Introduction

The experimental infrastructure in this study hvag systems:
1. the water test system, where three brazed platéxehanger (BPHE)
units operate as single-phase water-water heategeis,
2. the refrigeration test system, where the same BBH&perate as
refrigerant evaporators, with water as processdiqu

Using the two systems, two sets of experiments warged out: the water test
and the refrigeration system test. The water testes to provide heat transfer
information on the water side which is to be usedthe refrigerant evaporator
analysis. The water test system was designed aifidirbsuch a way that both
thermal characteristics and pressure drops of waterbe tested. Pressure drop
data on single-phase water are not necessary apoeator analysis; however,
the information helps to understand the hydrauiidggmance of the corrugated
channels in general.

The refrigeration test arrangement was built asigaid over-feed system;

experimental facilities were designed in order tadg the detailed global

performance of the brazed plate heat exchangerscagednerate data which can
be used to evaluate the developed model. Two tsrawe included in this system:
the water flowing on one side of the corrugatednoled and the refrigerant
flowing on the other. The two circuits were desigje provide stable controlled
conditions in the desired range of temperaturesid fiflows, and thermal

capacities.

Measuring instrumentation was selected and instaite quantify all physical
variables necessary for determining the exchangdreimal capacity and
hydraulic resistances, with high accuracy. A datgquasition system with PC
based data logging was developed. Detailed demnrgptof the measuring
instruments are presented in the following sections
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3.2 Brazed Plate Heat Exchangers

Three BPHE units of the herring-bone type wereetkésh this study. All plates
are made of stainless steel AISI 316. The threts inaive different chevron angle
combination: 28°/28°, 28°/60°, and 60°/60°. Platarface geometry is
characterized by the chevron angle corrugation depttb, and the surface

enlargement factog (ratio of actual corrugated surface area to tlogepted area

of the plate). The enhanced heat transfer is dyreelated to these features,
which provide increased effective heat transfeaadesruption and reattachment
of boundary layers, and swirl flow generation.

Figure 3.1 shows the geometry of a single platd. idportant geometric
parameters of the tested plate heat exchanger weits doubly confirmed, in
addition to the manufacturer-supplied informatidtefer to Appendix Afor
details of this information on the dimensions armvhthey were confirmed.
Some important geometrical and operational paraare summarized in Table
3.1. For the fluid on any one side, the BPHE winanufactured in a single-pass
U-type arrangement (inlet and outlet at the same sf the exchanger unit), and
the ports are positioned in a parallel (as opptseliagonal) manner.

188
180

ity I

615 519 466

Unit: mm

Figure 3.1: Single plate geometry
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Table 3.1: Summary of three BPHE units’ geometracad operating parameters

Number of plates:

N, =24

Number of effective plates: N,z =N,-2=22

Number of channels:

Volume per channel:

Ngp = N, —1= 23,

Side 1 (Refrigerant): 12, Side 2 (water): 11
V,, =0.201 |

Heat transfer area per plate:A, =0.095 m?

Design pressure:
Design temperature:

Port to port channel length:

Effective channel length:

Width of flow channel:
Plate port diameter:

Corrugation depth:
Plate thickness:
Chevron angle:
Corrugation wavelength:
Enlargement factor:

Single channel flow area:

Equivalent diameter:
Hydraulic diameter:

30 bar

-196 to 200 °C
L, =519 mm
Lo =466 mm
w=180 mm
d port =53 mMm
b=2 mm
0=0.4mm

28°/28°, 28°/60°, 60°/60°
A=8.1mm
p=1.14
A, = Wh=3.6x10* '
d, =2b=2x 2= 4mm
d, =2b/@=3.5Imm

Total heat transfer area: A= AN, o =0.095¢ 22= 2.0¢m’

3.3 Water Test Arrangements

The water test system consists of one BPHE, tw@mianks, water pump and
pipe lines, and the instrumentation. The system dessgned in such a way that
one BPHE is tested at one time. This arrangemang®rthe inconvenience of
replacing the BPHE’s when more than one unit igetgsbut simplifies the
system design. Counter-current arrangement is immg¢ed for the two water
streams. Hot water is circulated from the waterktéam the PHE and flows
upwards. Cold water is pumped from the water sumphe PHE and flows
downwards. The experimental apparatus is shownnsatieally in Figure 3.2.
The hot and cold water streams were thus arrangéubs the cold water flows in
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@ Flow me ter 1
> (G)—»
{ G)—

% Heater
Flow me ter 2
4
From water Water tank 1 Water tank 2
sump To water
S— | Q)
Pump 2 Pump 1

S 2 Temperature sensor

. Defferential press ure tran smitter
Figure 3.2: Schematic diagram of water test figcidiyout

the same direction both in this single-phase perémce test and later in the
refrigerant evaporator tests. In the evaporatds tedrigerant flows upwards and
water (from the water sump, as used here for the side) downwards, forming

a counter-current flow arrangement. Because theerwaide heat transfer
coefficient of the evaporator is to be evaluatedabgorrelation based on the
current cold side data, it is preferable to keep ¢bld water flow in the same
flow direction in both set of tests, to reduce ekpental errors on the water side
for the evaporator test.

The two water tanks have volumes of 1.3and are well insulated to ensure that
water is supplied at constant temperature durimgtést. It was observed that
during any single test (about 45 minutes) the wigmperature change was less
than 0.5 °C. Two centrifugal pumps were used toutate the two water streams.
Hot water supply was obtained by using four immeriseaters with a capacity of
2 kW each; water temperature is raised to the elg@sialue, around 55 °C, before
each test run. PVC pipes with an inside diamet&8ofnm are used for all water

piping.

3.4 Refrigerant Evaporator Test Arrangements

3.4.1 Liquid Over-feed System

The evaporator feeding method was designed toebkahid over-feed type, with
liquid refrigerant being circulated by a liquid ppmLiquid over-feed systems
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refer to those in which “excess liquid is forcedher mechanically or by gas
pressure, through organized flow evaporators, segaifrom the evaporator, and
returned to the evaporatorsASHRAE 2006 Figure 3.3 shows a typical liquid
over-feed system.

There are generally two types of evaporator feedeghods applicable to PHE
evaporators: direct expansion (or dry expansion) Bxd liquid over-feed. From
an experimental point of view, the liquid overfeggtem is preferable to a DX
system, in that some important parameters are nie@y adjustable and
independent of the cooling load, these includeigefant flow raterh (feeding

rate), inlet and outlet vapour qualkyand x,,, and evaporating pressure. The

refrigerant flow rate is controlled by a liquid pprand can be in a wide range,
the evaporating pressure will depend on the surgen gporessure. Inlet vapour
quality is also controllable provided a pre-heaterinstalled upstream of the
evaporator (this arrangement is not employed inptiesent study). On the other
hand, in a DX evaporator these parameters are alwaypled and not

individually adjustable, because certain degreesupkrheat required at the exit
of the evaporator will determine the operationt@ €xpansion valve, resulting in
a simultaneous change of refrigerant flow rate,pevating pressure, and inlet
vapour quality.

From an industrial point of view, almost all largeits invariably use over-feed
systems where PHE evaporators are involved. Hdlocarefrigerants are not
commonly used in large over-feed systems, the nsafsw this can be:

Back Surge drum
pressure |solating fiIIing-u_p
regulator valve solenoid valve

3

Surge drum Condenser
liquid
level
sensor

—

Evaporator [ 1 T T

Compressor High pressure
@ liquid receiver
Liquid pump

Figure 3.3: Typical liquid over-feed system
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1. oil returning problems;

high density of halocarbon refrigerants requirggtpump power input;

3. low latent heat requires more refrigerant to be pednfor the same
cooling duties.

no

Ammonia is usually the choice for large-scale laqaverfeed installations for the
above reasons. In the current study, however, bdton refrigerant was used in
a liquid overfeed system, but the focus of the stigation was on the flow
boiling mechanism rather than on any specified ifegdnethod (to this aim, it
would also be desirable to test other refrigeranfarther experiments).

It might be worthwhile to make the concept cleat iquid overfeed systems are
those in which a greater rate of liquid refrigerantelivered to the evaporator
than evaporated. At the exit of the evaporator atume of liquid and vapour
flows out. Liquid overfeed systems are characteriag having a low-pressure
receiver, also sometimes called a surge drum, fuinch the liquid refrigerant is
circulated through the evaporator either mechalyical by thermo-siphon. What
is normally called a flooded evaporator is a sheli-tube exchanger where
chilled process liquid flows in the tubes which aabmerged in boiling
refrigerant in the shell. Vapour refrigerant is aiarged from the top of the
evaporator and directed to the compressor. Therdifice between an overfeed
and a flooded evaporator is that in the latter ardpour leaves the evaporator,
instead of a two-phase mixture, and for this puepibss necessary to design a
dropout area inside or install an eliminator at tbp of the evaporator, to
separate the liquid refrigerant from the vapoutigdid overfeed evaporator can
be either a shell-and-tube exchanger or a PHE,ewhiflooded evaporator is
always a shell-and-tube exchanger with refrigelamiling on the shell side. It is
also important to note that sometimes the ternmotied” and “liquid overfeed”
are mixed freely and may refer to the same evapQrabssibly because the
liquid overfeed evaporator operates also in a fobtnanner”.

Thermo-siphon evaporators are another exampleeiidhid overfeed category,
these types of evaporators operate by means ofahatensity differences in the
refrigerant liquid and vapour and a liquid pumpnigt used. Thermo-siphon
systems are more commonly seen in large-sized indusstallations. Field
tests were carried out on two large-scale thermbesi units using ammonia and
refrigerant R12, which are described in Chapter 5.

In a liquid overfeed system, the overfeed extemvsluated by the recirculation
rate n,., which is defined as the mass ratio of liquid engeto the amount of

liquid vaporized in the evaporator :

nRC = m/ I;ng,out:]'/ X0u1 (31)
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Typical values of recirculation rate for conventabrevaporators are 2 to 7
(ASHRAE 2006), while for PHE liquid over-feed evagtors the common value
of recirculation rate is 1.2-1.5 (Stromblad, 198@&nssen, 1997), corresponding
to outlet vapour quality of 0.67-0.83. The curregstem was designed for this
range of recirculation rate. With fine adjustmerit the system operating
parameters, i.e., water and refrigerant flow rates the surge drum pressure, it is
also possible to obtain fully vaporized or supetéeéautlet conditions, where the
liquid-overfeed system will run as a dry system #m&lrecirculation rate is 1 in
this case.

3.4.2 System Design

Feeding Method

The experimental facility serves for experimentalastigation of the refrigerant
flow boiling mechanism in corrugated channels of fhlate heat exchangers
under various flow conditions. To this aim, the ipguent had to be able to
control, in a certain range, some of the importaperating parameters; those
basically include flow rate, outlet vapour qualigyaporating pressure, and the
cooling load. The evaporator feeding method wassehoto be the liquid
overfeed type; as mentioned previously, this fegdnmethod gives the system the
flexibility that a DX system does not offer.

Choosing the PHE Type

Choosing the PHE type is another task in the systesign. There are mainly
three types of PHE’s applicable to refrigeratiortiék) namely frame-and-plate,
semi-welded plate pack, and brazed PHE’'s (BPHHBE frame-and-plate type
of PHE is widely used for liquid-liquid duties aitd applications in refrigeration
duties are not commonly seen nowadays, mainly duehe concerns of
refrigerant leakage. With chosen gasket materiadpaiible with the refrigerant
applied, this type of PHE can be used as refrigexaaporators. The frame-and-
plate type exchanger has many virtues when usetkstsig equipment. The
plates can be replaced to obtain different chageeietries; the number of flow
channels can be changed by adding or removingspilaken there is a need of
cooling load change; needle-type pressure tappagsbe inserted through the
gasket at certain locations if local pressure ib¢omeasured. Moreover, plates
for this type of PHE usually have the widest prddgpectrum from
manufacturers, compared with the other two. Howewghen used in a
refrigeration system, the evaporator requires haylels of sealing quality; new
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gasket sets need to be used if new plates aretwsterl. This type of exchanger
is not considered in the present study.

Semi-welded PHE’s are refrigerant leakage-proof aad work under higher
pressure and temperature limits. For a testing aigge shortcoming for semi-
welded units is that the plate geometries to chdom@ are usually limited.
Mixed-plate channels are possible to obtain frormuf@cturers when special
orders are made, but this will depend on the abkalplate geometrical patterns.

BPHE’s are widely used in refrigeration systemsweaporators and condensers,
where the plates are brazed together as an intpged which makes it not
possible to change channel geometry without usie\y sets of PHE’s. Some
BPHE's are equipped with flow distributors, and dese the effect of
distributors on flow distribution, pressure dromdaheat transfer are not well
understood, the installation of a distributor may be desirable for experimental
purposes. For this study, three sets of BPHE unmiits different chevron angles
were used, flow distributors were not fitted.

Refrigerants

The system used in this study was initially desihfoe refrigerant R134a, which
is gaining an increasing application worldwide ime trefrigeration industry.
R507A was used for additional tests with new Iudmic oil. R410A was a
consideration but not used due to its high worlpnessure.

Oil Return

Oil return is a critical design parameter in aftrigerant systems; it is more so in
a liquid overfeed system using halocarbon refrigeraliquid overfeed systems
typically use a surge drum to feed the evaporaitimer by gravity or by a liquid
pump. No matter how efficient the oil separatoismne lubricant oil will always
find its way into the low pressure side of the egstand will inevitably
accumulate in the surge drum. The approach to nietyroil in an ammonia
system is relatively simple because ammonia anemaimil are not miscible (to
be accurate, miscible to a very limited extent) bBedause the oil has a greater
density than liquid ammonia, when oil passes oth&surge drum it separates
from the refrigerant and settles to the bottom.orsump installed at the bottom
of the surge drum can then collect the oil andaandiine on the sump will direct
the oil back to the compressor. In halocarbon systehowever, the refrigerant
and lubricant oil are at least partially miscibkae miscibility depends on
refrigerant type, temperature and pressure. Fdiafigrmiscible oil/refrigerant
solutions, for instance mineral oil/R22, the twdstances are miscible above a
certain temperature, below that temperature tlegeseparation, and because the
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oil-rich layer is less dense than the halocarboh-fayer, it rises to the top of the
liquid mass. For mutually soluble pairs such asy®loEster (POE)/R134a, the
two substances are completely soluble. For theasores, oil return must be
handled differently than in an ammonia system (8tee 1998).

In the current R134a system, a flow of liquid rgérant and its dissolved oil is
extracted from an outlet of the surge drum (it doalso be on a point of the
feeding line to the evaporator), and directed ®ghction line. Because there is
liquid refrigerant in this mixture that should nlo¢ permitted to return to the
compressor, a liquid/extraction heat exchangerotated on the liquid line
connecting the compressor discharge and the sutge. d'his method will not
return all the oil in the surge drum, but the antaefmoil in the surge drum will
be maintained at a certain level in any stable inghnoondition. Figure 3.4 shows
the schematic of the oil return system.

The amount of extraction is controlled by a megnalve and should be kept
small. To ensure that a suitable return flow ietaknd at the same time no liquid
refrigerant is passing to the compressor, somdiaddl components are required:

Upstream of the heat exchanger:

* A liquid solenoid valve, actuated by the compressorprevent flow of
liquid refrigerant to the suction line when the qoessor is idle;
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* A metering valve, to control the extraction flowea

Downstream of the heat exchanger:
* A ssight glass in which no liquid should be obsetved

Also very important is that where a riser is neentethe suction line, the sizing
of the riser is to be carefully designed to makeesihat a high vapour flow
velocity is obtained sufficient to carry the oildkato the compressor, as in the
case of a direct expansion system.

3.4.3 The Experimental Facility

The refrigeration test facility consists princigadif two circuits: the water circuit
and the refrigerant circuit. Each circuit has inelggeent control. The test facility
has been designed to give controllable and staloikimg conditions for the
refrigeration cycle, and to provide desired evafioga pressure and liquid
refrigerant recirculation rates,. for the evaporator. The system layout is given

schematically in Figure 3.5, and the equipment shimwFigure 3.6.
Water Circuit

The water circuit circulates water at the environmemperature (between 17
and 25 °C, depending on season) from the water shropgh the brazed plate
heat exchangers and back to the water sump, atiggooaway from the point of
water suction. This is to ensure that the supplyewgemperature will not be
affected by the retuning cooled water. The watengsunas a large volume of
clean water collection (more than 46)rand constant feeding temperature during
the testing period is assured. Water flows downwandhe exchanger to form a
counter-current flow arrangement. Water flow ra@swnutually controlled by a
gate valve on the feeding line and a ball valvettom by-pass linéTo reduce
water side fouling on the exchangers’ surface, fime-mesh filters were fitted at
the pump suction and pump outlet.

LA by-passing arrangement is more preferable in flate control than a single regulating valve

fitted in the main line. Centrifugal pumps can siably in a certain range of flow rates, below
that, vibration and flow fluctuation usually occuk.by-passing arrangement can effectively
reduce the flow rate in the main line without madfect on that of the pump; this can be very
useful if stable and small flow rates are desiredifa relatively large capacity pump.
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Figure 3.6: The experimental equipment of the geftant evaporator tests

Refrigerant Circuit

The refrigerant circuit consists of the BPHE evapars, the condensing unit
with reciprocating compressor and air-cooled cosdenthe surge drum, a high
pressure receiver, the oil returning system, atroaccessories necessary for
system running. The three brazed plate heat egenanwvere organized in a
parallel manner; each unit can be convenientlyaisol from the system by
shutting down two isolating valves positioned i tihlet and outlet pipe lines.
Refrigerant liquid enters the evaporator at thedmtand flows upwards, being
heated by the process water when flowing throughctiannel. The refrigerant
flow rate was controlled by a by-pass arrangem&itly-pass line is installed at a
point between the refrigerant liquid pump and tdosvfmeter; the line joins the
refrigerant returning line from evaporator and retuto the surge drum.
Refrigerant flow rate in the evaporator feedingelirs thus controlled by a
regulating valve fitted on the by-pass line. A backssure regulator is installed
at the surge drum outlet on the compressor sutitienthis regulator controls the
surge drum pressure, which determines the evapgrptessure in the evaporator.
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Cooling Load

At design conditions, the system has a cooling aapaf 13.5 kW minimum and
24 kW maximum, in the range of evaporating tempeeatof 1-15 °C and
condensing temperature of 35-45 °C. The refrigeilant rate is in the range 3.9-
7.6 I/min, giving recirculation rates of 1-1.4 hetgiven cooling loads.

For a specific evaporator with fixed heat transfieza, cooling load is determined
by the mean temperature differens& ,, between the two fluids and the overall

heat transfer coefficier . Water inlet temperature is not a controllablertgitg,
however, on the refrigerant side, the evaporatngperature can be controlled in
a range by adjusting the surge drum pressure, Mmck pressure regulator
installed at the surge drum outlet on the compressction line. The overall heat
transfer coefficient) depends largely on the water and refrigerant sidat h
transfer coefficient components, and can be cdetfolo a certain extent by
changing the water flow rate, an operation convgtjevailable.

3.5 Instrumentation and Measurement

The instrumentation used in the experimental figoilias selected and applied for
the measuring of all the variables necessary fterdening the performance of

the heat exchangers. The quantities measured, tm Water and refrigeration

system tests, basically included temperaturesspres, and flow rates. There are
14 sensors that were employed in the study, ofethosere used for the water
test, 9 for the refrigeration test, some of whichrevused for both tests. All

instruments have analogue outputs which are logged a PC via the data

acquisition system. A description of the measuiimgfruments is presented in
this section, organized separately for the watst sgstem and the refrigeration
test system. For detailed technical data and vanmectionsAppendix Brefers.

3.5.1 Water Test System

Temperature T

Temperatures are measured at four points, i.enlets and outlets of both hot
and cold water streams, approximated 200 mm frora BHE ports.
Measurements were taken by sensors located ah@artpoints with LM35DZ
semi-conductor sensors, which are integrated ¢isensors that give electrical
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voltage output proportional to the temperature gistis. The sensors are each
powered by a 9V battery and give a 0-1 V signaresponding to 0-100 °C
temperature spectrum, via a three wire system.

The LM35DZ sensor is a tiny semi-conductor with laspc tip. To use this
sensor for the measurement of water temperatupgplae needed to be made
which encloses the sensor in a copper sheath arsdcdn be inserted into the
water pipe. The temperature sensor probe is shohansatically in Figure 3.7.

Volumetric flow rate Q

Volumetric flow rates of water on both sides areamwed with two RS 257-026
turbine flowmeters. These flow meters have a retbrch spins when liquid
passes through the flowmeter. The speed of the mtdirectly proportional to
the flow velocity. As the rotor spins, the staisleseel blade tips pass a magnetic
field and an AC voltage is induced in a coil, whisttonverted into an output 4-
20 mA current signal proportional to the flow. Theo flowmeters have the
capacity of 0-100 I/min and were, for the presetgegimentation, calibrated in
the range of 0-60 I/min.

Many piping configurations and fittings generatetdibances with unknown
characteristics, for this reason, flow conditioning., minimum length of straight
pipe runs before and after the meter, is requiceccértain types of flowmeters.
This information is not available from the manutaet’s data sheet, therefore as
a general rule, a minimum length of 20 diameterstiight run piping (Feener,
1999) was applied.
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Differential Pressure AP

Differential pressure is the pressure drop betwkerPHE inlet and outlet, on the
cold water side in the test. The pressure dropeasured by a Rosemount 3051
CD differential pressure transmitter. The transenittas a working range of 0-80
kPa and was calibrated in the same range usingrwaigure 3.8 shows the
layout of the measurement arrangement.

It is important to note that the measured presdwop has many components, and
is not the frictional pressure dradg’,,.in the corrugated channel, which is of the

interest of the test. Evaluations of other comptsand an extraction procedure
are required to obtainP_,., as will be given in Chapter 4.

ore?

o O , -«
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T 4
cold water

Screwed fitting stream

PHE

I~
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o op—L— >
u Low side High side

Differential pressure
transmitter

Figure 3.8: Layout of the pressure drop measurememater test

3.5.2 Refrigerant Evaporator Test System

Temperature T

Temperatures are measured at four points: inledsoalets of both refrigerant
and water. Four resistance temperature detectof®’@R are used for the
measurements. All the RTD sensors use a VDC 24Vepaupply and give
standard 4-20 mA current signals. On the water pipe, two RTD’s are
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mounted using pressure couplings. On the refrigguge line, the two sensors
are mounted in well insulated T-connections whezalesl copper pipes are
brazed into a Tee and the sensors are insertedhatpipes. All sensors were
extended approximately to the pipe center linesqieBmtics of the mounting
arrangement are shown in Figures 3.9 and 3.10.

Refrigerant Absolute PressureP

Static pressures at the refrigerant inlet and buate measured by two WIKA
pressure transmitters. The two sensors are moumedell insulated T-
connections on the pipe line. Also on the compresstion line a pressure
gauge is fitted on the back pressure regulatorpfonitoring of the surge drum
pressure. Both the WIKA sensors and the pressungeggive readings of the
“gauge pressure”, which is the absolute pressuss tbe local atmosphere
pressure. The WIKA sensors use a VDC 24V power Ilsuapd give 4-20 mA
current signals.

Refrigerant Differential Pressure AP

The pressure drop through the evaporator is measuth a differential pressure
transmitter 3051 CD, from Rosemount Inc. Carefulsideration is needed for
this measurement. The inlet refrigerant is liquidi @ahe outlet refrigerant is a
liquid and vapour mixture. The transmitter can sohply be installed with
vertical connection between the inlet and outlpedines because the connection
could be partially filled with liquid and vapourh& unknown liquid column in
the pressure connection can exert static pressutethais has an effect on the
measured result. For heavy refrigerants such ag&i8s could be of the order
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of the measurement itself. To solve this probleth,sansor connection tubes
must be horizontally oriented, and the evaporatdieb port and the sensor low-
side connection must be at the same height. Thengement in the current
facility is shown schematically in Figure 3.11. $tarrangement eliminates the
influence of refrigerant fluids in the connectingbés on the pressure
measurement.

Water Volumetric Flowrate Q,,

Volumetric flow rate of water on the process liqeides is measured with one
RS 257-026 turbine flowmeter, which is one of the flowmeters which were
used for the water test. The flowmeter was posdtibat the water pipe line exit.
The same flow conditioning was applied for thisaffoeter, namely a minimum
length of 20 diameters of straight run piping pd®d on both sides.

Refrigerant Volumetric Flow rate Q,

The flow rate of the liquid refrigerant is measuretth a Trimec MP 15S
multipulse flowmeter, from Trimec Industries (Awsdia). The flow meter
utilizes the oscillating-piston principle for measig the flow rate. The passage
of liquid causes a piston to oscillate smoothlyairtircular motion within the
round measuring chamber. Each piston cycle displadenown volume of liquid
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from the inlet to the outlet port, while small higinergy magnets in the piston
activate a reed switch and a solid state sensdr ¢Hect sensor), which provides
pulse outputs for remote flow monitoring. The floeter has a flow rate range of
0.2-10 I/min, the calibration was done in the ranfj®-8.5 I/min for the current

study.

This flowmeter is insensitive to viscosity changesd does not require flow

conditioning. The manufacturer’s instruction statiest the flowmeter does not
create pulses in the flow, however, pulsation &f Water stream was observed
during the calibration (refer tdppendix §, more apparent at relatively smaller
flow rates. The device uses a 5-24V VDC power sy@nd gives a variable

frequency signal. The frequency signal is convettedr current signal via a

converter (Model 1100P, IQ Instruments cc, Southcdj, and then sent to the
data acquisition system.

3.6 Data Acquisition System

Sensors and Data Acquisition

It is generally accepted in the field of measuretmibiat sensors which give

electrical signals are termed as “transducers”jeminansducers which give 4-20

mA signal ranges are called “transmitters”. All sers used in this study have
electrical analog signal outputs. The four tempeesensors used in the water
test give voltage signals in the range of 0-1 VI é&ther sensors are standard
transmitters and give current output signals oD4+A.

Outputs from the sensors need to be convertedameaningful quantity, for
example, the output from the turbine flowmeter, abhis a current signal, needs
to be converted into volumetric flow rate. In moases, measuring transmitters
are linearized devices; the conversion rate is rgive the manufacturer’s
instruction, along with its accuracy specificatiorSsor higher accuracy, a
calibration process needs to be carried out wilhogerly designed procedure.

The data acquisition system used in the presedy ssuthe National Instruments’
NI PCI-6224 DAQ system along with the operatingtwafe LabVIEW (version
8.0). Most data acquisition systems read voltageas only, including the NI
PCI-6224 system. Therefore, it is necessary to naakarrangement in electrical
connection which can give voltage signals. Becauseent output is the same at
any point in the circuit, it can be converted toddtage output for measurement
purposes at any point in the circuit by adding adloesistor in series. The basic
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circuit for measuring the output of a transmitgethen to connect a power supply,
a precision load resistor and the transmitter inese The analogue signal is
measured indirectly by connecting a voltmeter ¢hinilwith the data acquisition
system) across the load resistor which producesolsage drop and is
proportional to the 4 to 20 mA current loop. Thessshown in Figure 3.12. The
load resistor brings extra uncertainty to the mesment accuracy. However, a
calibration procedure can compensate for this waicey if the measurement
channel, including the sensor and all connectiasalibrated as one integrated
unit.

General Features of the Data Acquisition System Ude

The NI PCI-6224 data acquisition system is onehef M series products from
National Instruments. Voltage signals are the ariglogue signals that can be
read by the device. Three types of analogue inputrgl-reference settings are
supported, namely: Differential mode, Referenceuglstended mode, Non-
referenced single-ended mode. Depending on thendroeference mode, 16 or
32 channels in total are supported (16 channeldiffarential mode, 32 for other
modes). The Differential mode reduces noise piclama should be used
whenever possible; this was used in these tests.

It is recommended by NI that the M-Series devioasusth be self-calibrated after

installation and whenever the ambient temperaturanges. Self-calibration

should be performed after the device has warmefbuthe recommended time
period (15 minutes for NI 6224). This function m@&s the onboard reference
voltage of the device and adjusts the self-calibnatonstants to account for any
errors caused by short-term fluctuations in theirenment. In the process of
self-calibration all external signals need to lecdnnected.
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Multichannel Scanning Considerations

In multichannel scanning applications, accuracyaffected by settling time.
Settling time refers to the time the device takearnplify the input signal to the
desired stability before it is sampled.

Several factors can increase the settling time hvhiecrease the accuracy of
measurements. To ensure fast settling times, tlheviog should be considered
(in order of importance):

» Use low impedance sources
Large source impedances increase the settling imensure fast settling
times, the signal sources should have an impedafress than 1. If the
source impedance is high, the scan rate can beaksud to allow more
time to settle. The NI 6224 has a default settlinge of 14 ps, but this was
manually adjusted to 1000 us in the current stédy.sensors that have a
current signal output, the signal source is acgualh7 ohm resistor and
will thus not cause a problem.

» Use short high-quality cabling
Short high-quality cables can minimize several @fencluding crosstalk,
transmission line effects, and noise. It is recomdeel by NI to use
individually shielded, twisted-pair wires that &m long or less to connect
analogue signals to the device.

1+ Transmitters
vDC — with current outp uts
- Load resistor
| S|

- +

U

Data acquisition system PC

Figure 3.12: Connection loop of transmitters witinrent
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» Carefully choose the channel scanning order

a. Avoid switching from a large to a small input ran@avitching from a
channel with a large input range to a channel wimall input range
can greatly increase the settling time. In theentrstudy, all channels
have an input range of 1 V.

b. Minimize the voltage step between adjacent chaniWélgen scanning
between channels that have the same input rangesdtiling time
increases with the voltage step between chanridlse lexpected input
range of the signals is known, then similar expgctnges should be
scanned together in groups.

» Avoid scanning faster than necessary
Scanning slower gives the system more time toesaéttla more accurate
level. There are two cases to consider:

a. Averaging large number of samples can increaseatt®iracy by
reducing noise effects but it also decreases tingined settling time.

b. If the time relationship between channels is ndaicel, it is preferable
to scan the same channel multiple times and ssarfiequently.

Technical Specifications and Analogue Input Circuity

For more detailed information on technical speatilens and analogue input
circuitry of the data acquisition system, refeAfgpendix D

Scanning Settings and Channel Assignments

The data acquisition system was set to have a sagngte of 100 Hz for each
channel, and the samples were filtered by a louilhird order Butterworth low-
pass filter, the filtered signals were then furtheeraged over every 50 sample.
Finally two readings per second were obtained. H™aking was maintained
throughout all the calibrations and tests.

Channel assignments for the water and refrigerasigsiem tests are given in

Tables 3.2 and 3.3, respectively. The channel-sepsiars must be kept
unchanged for all calibration and measurement johares.

Table 3.2: Channel assignment in water test

Physical

channel Sensor Measuring quantity
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Temperature sensor

Al O No.1 Hot inlet
Al Temperature sensor Hot outlet
No.2
Al 2 Temperature sensor Cold outlet
No.3
Al'3 Temperature sensor Cold inlet
No.4
Al 4 Water flowmeter No.1 Hot water stream (at outlet)
Al 5 Water flowmeter No.2 Cold water stream (at outlet)
Diff. pressure Cold water (between outlet and
Al 6 . .
transmitter inlet)

Table 3.3: Channel assignment in refrigerationesystest

Physical . .
channel Sensor Measuring quantity
Al 16 RTD No.1 Water outlet
Al 17 RTD No.2 Water inlet
Al 18 RTD No.3 Refrigerant inlet
Al 19 RTD No.4 Refrigerant outlet
Al 20 Refrigerant flowmeter Refrigerant flow rate
Al 21 Pressure transmitter Refrigerant outlet
No.1
Al 22 Pressure transmitter Refrigerant inlet
No.2
Al 4 Water flowmeter No.1 Water flow rate
Diff. pressure Refrigerant (between outlet and
Al 6 . .
transmitter inlet)

3.7 Sensor Calibration
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Calibration Procedure and Range

All 14 sensors were carefully calibrated beforedikperimentation. A best fitting
curve was obtained for each sensor and used iméasurements. As a summary,
Table 3.4 gives a list of all the sensors with theanufacturer-specified and
calibration ranges. Refer #ppendix Cfor details of the calibration procedures
and evaluation of the fitting curves. Uncertainbalysis for sensor calibration is
given inAppendix J

It is very important to note that the sensors aath dcquisition channels had to
be calibrated together, and to be used togethearfprmeasurements afterwards.
This is because an individual channel brings it$1 @k&ror. A data acquisition
channel includes the wire connections, load restgtaand the data acquisition
system physical channel with all its settings. Gtesensor pairs should be kept
unchanged, for example, if channel No.1 is usedémsor No.1 in the calibration,
then the same pair should remain for any furthemsueements.

Calibration helps to improve the sensors’ accuratygddition to that provided
by the manufacturer's product specifications. Altb sensors with factory
calibration certificate can be used straight aw&ymust be noted that the
accuracy level degrades after a period of timemadly 1 year after the
calibration is taken. This same time period appiesalibrations carried out by
the experimenter.

Table 3.4: Summary of sensor calibration range

Sensor Measu_rmg Manufact_urer—spemﬁed Calibration range
quantity working range
RS flowmeter 1| Q, I/min 0-100 0-65.0
RS flowmeter 2 | Q, l/min 0-100 0-65.1
LM35DZ 1 T,°C
LM35DZ 2 T ,°C
0-100 0-63.3
LM35DZ 3 T oc
LM35DZ 4 T oc
RTD 1 T ,°C 0-100
RTD 2 T oc 0-100
' 0-59.5
RTD 3 T,°C 0-200
RTD 4 T,°C 0-200
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WIKA 1 P, Pa
0-1000k 0-840k
WIKA 2 P, Pa
Rosemount 1151 AP Pa 0-80k 0-73.3k
CD
Trimec flowmeterr Q, I/min 0.2-10 0-8.5

Calibration Uncertainty

For the sensor calibration, and also in the follgyvexperimental measurements,
the uncertainties were calculated according tolg@ (ISO/1995) method. For

clarity, only a summary of the analysis resultpissented here, as given by
Table 3.5. Extended details of the uncertainty ysisfor the sensor calibration

are given inrAppendix J

Table 3.5: Summary of sensor calibration unceryaint

sensor Maximum uncertainty
LM35DZ temperature sensors (4 in total) +0.08 °C
RTD’s (4 in total) +0.08 °C
RS 257-026 Turbine Flow Meters (2 in total) + 0%5
Trimec MP15S Flowmeter +£0.29 %
Rosemount 3051 CD Diff. Pres. Transmitter +19%
WIKA Static Pressure Transmitters (2 in total) ¥FD%
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CHAPTER 4

SINGLE-PHASE PERFORMANCE TESTS
WITH WATER

4.1 Introduction

The experimental results on the three BPHE unityamg as water-water heat
exchangers are reported in this chapter. Corralstiior Nu and isothermal
friction factor f are developed, based on the experimental data.obtened
correlations are compared with seven other puldistwerrelations, and
discussions on the thermal and hydraulic perforrmarid®HE’s are given.

The tests with water have three main purposes:

1. to obtain an overall understanding of the perforoeanf PHE’s operating
in single-phase water-water applications;

2. to obtain accurate water side heat transfer coeffiadnformation. This
was needed for the subsequent performance anafsl®e same units
when used as water-cooling evaporators;

3. to obtain single-phase water pressure drop data,tife evaporator
pressure drop analysis when the separated moaeLl@itkhart-Martinelli
method) is used.

The Reynolds number range in these tests wasvwalasmall, from 280 to 1100.

As discussed in Section 2.6.1, single-phase flowthis range can be considered
to fall in the turbulent flow region for PHE'’s.

4.2 Test Procedure

The water test facility and arrangements have lgescribed in detail in Section
3.3. BPHE units were configured in a single-pastypé (inlet and outlet at the
same side of the exchanger units), counter-cuagangement. Experiments on

111



heat transfer and pressure drop were carried cpérately. In each set of
experiments, tests were carried out on the thre&lBBRinits individually,
following the same procedure. Measurements wemntaka range of flow rates,
as summarized in Table 4.1.

For tests on the heat transfer performance, hanfiaiv was maintained at fixed

flow rates for each unit, and was kept at high R&® numbers to ensure
turbulent flow. Cold water was supplied in a ramfgdlow rates. Hot water was

maintained at approximately 55 °C for all testg] #me cold water was supplied
at around 18 °C from the water sump. It is to beced that hot water achieves a
higher Reynolds number than the cold water at Hmesflow rate, due to the

temperature-dependent characteristics of watemosigc For both the hot and

cold water streams, measurements were taken famaitic flow rates and inlet

and outlet temperatures. All data were taken ustieady-state conditions, this
was confirmed by:

1. Stable fluid outlet temperatures. Variation of etitemperatures of the
two water streams were within 0.1 °C during a 2 utentime period
before each measurement was taken.

2. Close energy balance. The heating and cooling tpadlculated from

the hot and cold sides did not differ by more tR&m

For tests on the pressure drop performance, adiablatv conditions were

maintained with only cold water flowing through thexchangers at the
environment temperature (around 20°). A differdnpieessure transmitter was
positioned to measure the pressure drop acrosBHies, at various volumetric
flow rates. Again all data were taken under stestdye conditions.

Table 4.1: Summary of water-water performance teafstise three PHE units

PHE

Test Chevron No. of Hot side Cold side
data
angle
Re T, °C Re T, °C
Heat 1 28°/28° 22 510-560 55.0-56.0 280-1100 18.4-19.3
ea

transfer 2 28°/60° 18 450-510 55.0-55.5 330-1110 18.4-19.2

3 60°/60° 16 430-460 56.0-56.5 350-1030 18.3-19.1

4 28°/28° 17 - - 280-1010 18.0-22.0
Pressure oimmo
drop 5 28°/60 16 - - 220-990 19.0

6 60°/60° 18 - - 210-840 18.0
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4.3 Data Reduction

Experimental data for the heat transfer coefficigate processed by a MATLAB
code, using data reduction methods described im g$leiction. The program
flowchart is given imPAppendix H Water properties were evaluated according to a
NIST Standard Reference Database (Lemmon et d@5)2@ll fluid properties
are calculated at the bulk mean temperature:

Toean =2 (Tint Tou) 4. 1)

mean

4.3.1 Heat Transfer

The primary measurements consist of six paramataragly the volumetric flow
rates and the inlet and outlet temperatures of bivdams. Heat loads (total heat
transfer rates) on the hot and cold side are catledlby:

4.2

Under ideally steady conditions and provided thla¢ tmeasurements are
absolutely accurate, there is an energy balaneecketthe two streams:

Q = Qhot = Qcold (4' 3)

In the real experiment, due to flow conditions meaching equilibrium and
measurement errors, there will always be some efpisercy between the two.
Either the arithmetical average of the two or thee avhich has a smaller
measurement uncertainty can be used as the hehbfahe exchanger. In the
present study, the hot side has stable flow ratesgl one test run which led to a
smaller measurement uncertainty and is thus chés®mall measurement points
the discrepancy of the heat load does not exceedT2% overall heat transfer
coefficient is determined by

_ q
U= 4. 4
ATLM ( )

where g=Q/ A is the heat fluxAT.y is the log-mean-temperature-difference
defined by Equation (2.72).
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The film coefficienth is not a direct measurement quantity, and musiracted
from the overall heat transfer coefficient, throuaproper reduction procedure .
(Although a direct method is possible to find thienfcoefficient, this will
involve the measurement of wall temperatures, aditiom not conveniently
available in most situations.) The overall heatndfar coefficient can be
expressed in terms of thermal resistances by:

11,1

u hhot hcold

wall + Rfouling, h0t+ Rfouling, colc (4' 5)

Wherehyot andhgoq are the film coefficients on the hot and cold sidspectively.
Rwail is the wall thermal resistance determined by:

Ryai = (gj . (4. 6)

Fouling resistances can be found from referencé&soo published information.
Information from two selected sources is given étt®n 2.6.4. Since brand new
PHE units were used in the experiment, the foutegistances were assumed to
be negligible.

To determiné, andheog from Equation (4.5), some assumptions must beemad
especially for the expression form of the film da@ént. A new method is
proposed here which has not been found in the dipemature, as described
below.

Step 1: Determine the form of the equation for hemtsfer coefficienh. It is
customary to express the Nusselt number in theviatlg form, as seen
in much of the literature:

0.17
Nu =cRe™ Pr°-33(ij 4.7)
Hu

which can be rewritten as:

0.17
h=cRe" Pr°'33(luij [gj (4.8)

Step 2: Assume that the same form of expressiofilfio coefficient applies on
both sides. This requires that during the testiweefluid streams shall
be at sufficiently high Reynolds numbers and thus laoth in the
turbulent region. The trend of the Nu-Re relatiopsturve changes
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Step 3:

Step 4:

when flows change from laminar to turbulent regfomsd so does the
correlation equation. In the current experimerhis tchange was
observed at Reynolds number around 360 for thedogle PHE unit,

but not for the mixed and high-angle PHE unitsiatilar Re numbers.

For this reason, only data obtained at Reynoldshaurbeyond 360 are
used for the low-angle PHE, and the developed lzdioe applies to

turbulent flow conditions only.

Assume a value ofin Equation (4.7), and find the wall temperatwe t
evaluateu,,. The heat fluxg is expressed as:

T I, hot — T Il, cold
q= i Olt:\, = hhot(Thot_ Twall, hob = hcolt( TwaII, cold” Tcol)i (4' 9)
wall

Using Equation (4.9), an iteration program is efrout to findr
and T, coid

wall, hot

. ey 0 .
1. setinitial value of T, 4 @S (Twa,,’ Cold) , for each measurement point

of flow rate

- 0. 9
2. Twall, hot = (Twall, cold) + R
wall

3. find iteration value off .= (Tua COld)l, where

1 h
(Twall, cold) =Teoiat (Thot™ Twall, ho)%
cold

where hy,/h.y 1S Obtained by Equation (4.8), the constant
cancelled in the ratio.

4. If e= (Twall, cold)l

(Twall, cold) ’ = %|:(Twall, cold) ° + (Twall, cold) 1} ’ and repeat 2-4.

~(Twa, Cold)0 <0.1, iteration finished, otherwise

Use linear regression to find the leadoogstantc. To make the
regression possible, some rearrangements are needss film
coefficient is rewritten as:

0.17
he :2 =Re™ Pr°-33£ﬂiJ (Ej (4. 10)

1

The Nu- Re curve is generally flatter in the laminar regiowateeper in the turbulent region,

according to the current experimental observatams correlations from open literature. This
is the same trend as shown in the better-knownileir¢dube heat transfer mechanisms, where
for the two extreme cases of constant wall tempesgaand constant heat flux, laminar flows
have constant Nusselt number, though with diffevafites in each case.
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Step 5:

note thathy is now obtained with the assumed Substitute Equation
(4.10) into equation (4.5) and rearrange:

1 1 1 1
(__Rwa”j:_[ ; } 4. 11)
u C hO, hot h0, cold

Let x=|—1 +—1 | and y:(i—RNa,,j, use linear regression (least
0, hot hO,COId U

square fitting) to find the constant fp= ax. The data size for andy is
the number of experimental measurement points. dlsobtained by
=1/c

Determinen. Every pre-assumech value would have resulted in a
corresponding, and therefore solely determines the fitting cusyehe
regression as shown in step 4. The best valuenfig the one from
which the resulted fitting curve best fits the exipental data. Generally
the goodness of a fitting is evaluated by two paians, the Root Mean
Square Error (RMSE) and the Coefficient of Multigleetermination
(usually called R-square). In the present methdw® bestm is
determined by trial-and-error: values from 0.0R2twith a step of 0.01
were tried, the one which has the smallest RMSg& eiasen.

4.3.2 Pressure Drop

Contributions of the Total Pressure Drop

For single-phase flow, the total pressure drop sxra plate heat exchanger
consists of three contributions:

1. pressure drop associated with the inlet and ontéatifolds and ports,
AI:)port,

2. friction pressure drop within the cor®Pcore

3. pressure drop due to the static water head (etevatiange)APeje.

Summing all contributions, the total pressure daopss a plate heat exchanger
is given by:

AP ppe = APt AP it AP g 4. 12)
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The elevation pressure drop (or rise, dependin§jam direction) is due to the
static water head, and is calculated by:

APy, = pgAh (4. 13)

whereAh is the water head, measured as the vertical distbatween the upper
and lower port centre line. The pressure drop i mmanifolds and ports is
calculated by an empirical equation (Shah and $gk2003):

G 2
1
Apport :15( 2’):; } (4 14)

The frictional pressure drop within the core is thepose of the investigation,
and is usually by far the major part of the totedgsure loss. The pressure drop
measurement arrangement is given in Figure 3.8.néwmsured value of pressure
drop is not directly the total pressure drop acresPHE but has extra
contributions, as can by expressed by:

AP easured™ AP prgt AP pipé’AP fittinggAP el (4. 15)

Note that in this equation the term of the elevatwessure drop has a negative
value; this is because the static pressure duleetovater head in the transmitter
connection tube will counteract that in the PHEmMBming Equation (4.12) and
(4.15), we have:

AP measured— AP coré"AP poF{'AP pip'EA P fittin (4- 16)

The dimensions of the pipeline and the fittings gieen in Figure 4.1. The
pressure loss along the inlet and outlet pipelin®;., is calculated by

L
APype = f [ﬁ— B puzj (4. 17)
d 2 ipe

wheref can be obtained from the Moody Chart, or any fluiechanics text book.
For convenience of numerical calculation, the welbwn Blasius equation is
used which states:

_ 0.3164
f =207

Re%2° (4. 18)
for smooth tube, 3000<Re<i
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l«— 105mm Differential
% Pressure probe

~

PVC pipe

Pipe fittings

Figure 4.1 Pipe and fitting dimensions for pressure drop dattn

Local losses from pipe fittingsAPriingss Can be evaluated by the empirical
“velocity head” method. In this method, the tepuf/2 is used which has the
dimension of pressure and is commonly called adtigf head”. Local losses are
reported as a number of velocity heads. The locatgure loss in the present
study has only one major component, this is thedsndflow area change
between that of the pipeline and the PHE manifdldis can be treated as a
sudden enlargement and contraction when a watearstrenters and exits the
PHE. Those losses are evaluated from the followongations:

APyyea = K %puz (4.19)

The K values are given in Table 4.2 (Avallone and Basteej 1996). For the
experimental arrangement us&d= 0.66 is taken for the contraction (from pipe
to PHE), and 0.39 for the expansion (from PHE fmepi

Table 4.2K values for sudden contraction and expansion

sudden contraction

1
D dl u» [D/d [15 [20 [25 [30 [35 [40 |
[K [o028[036 040 [042 [044 [045 |

Sudden enlargement

v=ta | K=[1-@D?]’
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Frictional Pressure Drop and Friction Factor

The frictional pressure dropP,,., iS the purpose of the investigation. Once it is
obtained, the Darcy friction factor is determin@sheeniently by

_ DP/L
=TT (4. 20)

A common practice, which is often seen in the ditere and also justified by the
current study, is to correlate the friction fadtmiReynolds number by the form:

Co
=_"2 4. 21
e ( )

The constant, andp are determined by linear regression analysis.

4.4 Uncertainty Analysis

For sensor calibration and experimental measuresygasented in this study, the
uncertainties were analyzed according to the IS®D(1995) method. There are
two widely accepted methods from two organizatioiee ASME method
(ANSI/ASME PTC 19.1, 2005) and the ISO method (IB¥95). For a detailed

Table 4.3: Summary of experimental measurementrtainges

Maximum absolute percentage

Parameter uncertainty,[u(@) /@]

p=28° p=28°60° S =60°
Mass flow rate,m;,, (kg/s) 0.43 % 0.45 % 0.46 %
Mass flow rate,m,, (kg/s) 1.13 % 1.4 % 1.36 %
ATy (°C) 0.5% 0.8 % 1.6 %
Pressure drog\P (Pa) 1.9% 24 % 1.0%
Heat flux,ghet (W) 1.2% 1.2% 1.1%
Heat flux,geog (W) 1.5% 1.7 % 1.7 %
Overall heat transfer coefficient, (W/nfK) 1.3% 1.4 % 1.9%
heat transfer coefficieniyg, (W/n12K) 1.3% 1.5% 2.1%
Re 1.7 % 1.9% 1.9%
Nu 1.6 % 1.7% 2.2%
f 3.1% 3.1% 2.3%
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discussion of the ASME and ISO methods, along i basic principles of
uncertainty analysis in general, refer Appendix | Extended details of the
uncertainty analysis for the water test resultsgawen inAppendix K For clarity,
only a summary of the analysis result is presehtzd in Table 4.3.

45 Results and Discussion

Experimental observations and developed correlation heat transfer and
pressure drop characteristics are presented insdagon. PHE’s represent two
symmetric (=28 /28 and g=60"/60°) and one mixed =28 /60 ) plate

arrangements, where the mixed-plate chevron angte b2 approximated by
B=44, according to some authors. Experimental obsemasind calculation

results are recorded Appendix E

4.5.1 Heat Transfer Characteristics

The measured overall heat transfer coefficldrdat various volume flow rates is
presented in Figure 4.2. For heating of cold watbich flows in the testing
turbulence range, the experimental data can beleted as:

0.17
Nu =c, Re" PP-33[ﬂLj (4. 22)
wall

where the constants andm are:

c m RMSE*
B =28° 0.0508 0.78 2.2x80°
B = 28°/60° 0.215 0.65 4.1%40°
B =60° 0.759 0.53 3.0440°

* Refer to Equation (4.11) for variablesy¥s. x of the fitting curve.

The result from Equation (4.22) is compared witkeection of seven published
correlations, which are among the most widely qai@ed recognized from over
30 correlations that are available in the opemditae. Some of those correlations
can be found in detalil in Section 2.6.2. The congparresult is shown in Figure
4.3. For the comparison to be possible, the heatster grougny, as defined
below, instead of Nu, is plotted against Re forheamrrelation.
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Figure 4.2: Measured overall heat transfer coeffitvs.
volume flow rates

- Nu (4. 23)

j Nu 0.17
Pro.33( H J
My

Note that some correlations do not have the termu,, and this is simply
ignored in the calculation dfy, in that case. Also in some correlations the
exponents for Pr and / u, are not the values as used in Equation (4.22) (for
example, Focke et al.’s correlation has a Pr exporod 0.5, Muley and
Monglik’s correlation uses 0.14 foiu,), and thejy, is calculated accordingly
using the values as specified in the original @atron. For clarification, the
result for each BPHE unit is presented separakay.correlations which do not
cover the exact chevron angle as used in the presgeriments, the nearest
chevron angle covered in that correlation is chosen

It is apparent from the result that higher Nusselmbers are obtained with
increasing chevron angles, which reflects the msireg intensity of flow
turbulence generated by the corrugations. Also ti@ethe Nu-Re relationship is
well represented by Equation (4.22).
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Figure 4.3: Comparison ¢f,-Re result against correlations
(@)p =60 (b)p = 44°, (c)p =28&°
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The comparison shows good agreement of the expetainedata with
correlations from Heavner et al (1993) and Martl996), in all three cases.
Results from Bond (1981), Wanniarachchi (1995), &hdnon (1995) are also in
reasonable range, but tend to over-predict therexpatal data at lower chevron
angles. Focke et al's result are much higher thase of the present study for all
cases, while Muley and Monglik (1999)’s equatiomlisays much lower than all
others. Focke et al (1985)’s heat transfer colimlalvas based on mass transfer
experiments and therefore is not as reliable assethbased on direct
measurements. For Muley and Monglik’s correlatiiinjs obvious that the
authors have put considerable weight on the eniaegé factor ¢ (refer to
Section 2.6.2 for the correlation), which gives #@drop for Nu when the
enlargement factor changes from 1.29 (for Muley Blahglik’s rig) to 1.14 (in
the present study). As discussed in Section 2thd, use of the hydraulic
diameter which involves the enlargement factor amponent, is physically
sound and might be a simple and effective way mfoducing its influence on
Nu andf. Muley and Monglik’'s approach, in which the effeftgis accounted
for by cubic polynomials, might easily give moreiglg to this parameter than
appropriate.

It seems that there is not a generally acceptegklation in the open literature
which meets all requirements. It is important tdenthat there is no suitable
information one can rely on to judge which one mrenaccurate than others. The
disagreement, as clearly shown in Figure 4.3, batweesults from various
authors can perhaps be attributed to, among o#fogors, non-physical treatment
of variables in data reduction, and certainly measent errors. Another
possible fact, which can not be ignored, is tha gomplexity of the PHE
channel, in terms of its corrugation-featured getoynend also in terms of the
very many combinations of important parametersuidiclg the aspect ratio, port
size, flow arrangement of ports (vertical or diagipn flow arrangement of
channels (single pass, multiple passes), flow gearent of streams (co-current
or count-current), flow distribution between chasndlow distribution around
ports, and many others, all make it almost impdedi have two units that are
identical. This may have patrtially explained whyganeral” correlation is hard
to obtain, for this type of exchanger.

Only turbulent flow is considered in the currenudst, and this involves the
criterion of the critical Reynolds number, whichdicates the transition from
laminar to turbulent flow. A discussion on the icat Reynolds number is given
in Section 2.6.1. It suffices to mention here tthet Reynolds number for heat
transfer tests was maintained at 280-1100, which & considered as in the
turbulent region. The transition from laminar tobwlent flow was observed only
for the low-angle unit{ = 28°) at a Reynolds number around 360. This itians
was not found for the other two units in the tegtiange of flow rates.
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4.5.2 Pressure Drop Characteristics

The measured pressure drops are plotted againgbthme flow rates in Figure
4.4. Pressure drop measurements were carried aler usothermal conditions,
where only cold water at the environment tempeeataround 20°) was supplied
to the exchangers.
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Figure 4.4: Measured pressure drop vs. volume fey

In the testing range of flow rates, which correspeahto Reynolds number of
210-1000, the experimental data could be correlased

f =% (4. 24)

where the constants andp are:

C2 p RMSE
B =28° 3.11 0.196 0.01751
B = 28°/60° 4.81 0.173 0.06703
B =60° 12.28 0.161 0.02353
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Figure 4.5: Comparison of f-Re result against datiens
(a)p = 60°, (b)s = 44°, (c)p = 28°
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As for Nu, the result from Equation (4.24) is comgzhwith the same seven
correlations, as given in Figure 4.5. Bond (198@)ysrelation agrees with the
results of the present experiments fairly well, & three units. However, in
general the comparison reveals much larger diftrenbetween the various
correlations than those observed for Nu, more sigiter chevron angles. For
example, ap = 60°, the highest predicted result (from Fockalgt1985) is more
than 2.5 times higher than the lowest (from Marfif96). Muley and Monglik
(1999)’'s correlation again tends to under-prediet friction factor compared
with most other correlations. Martin’s is the ordgmi-empirical correlation of
the seven, which agreed well with the current expent in predicting Nu, failed
to do so for the friction factof. This correlation consistently tends to under-
predict the current experimental results by appraxely 50% for all three units.

It is difficult to explain the disagreements betwehbose correlations, as for the
case of Nu. However, one may reason that the finetlonal pressure drop is

obtained through a subtraction procedure, where@nymlocal losses are
evaluated by empirical equations. This might haveught extra errors, but

would still not suffice to explain the big discregy between different

correlations, because the local and port pressogesdre relatively much smaller
than the frictional core pressure drop (referAfgpendix Efor values of those

components).

4.6 Conclusion

Experimental results of the thermo-hydraulic perfance of three BPHE's are
presented. Single-phase turbulent flow of water ennkeating conditions is
considered for heat transfer characteristics, audhermal turbulent flow is
considered for frictional pressure drop charadiedgsThe units have three sets of
different chevron plate arrangements: two symmetwith f=28°/28° and
£=60°/60°, and one mixed witi=28°/60°. Based on the experimental data,
correlations for Nu and isothermiahre developed and further compared with a
collection of seven correlations from the operréitare.

The experimental results clearly show that chevangle has a strong influence
on the heat transfer and pressure drop performahttee exchanger units. Both
high overall heat transfer coefficients and frintidactors are observed. A
comparison shows that certain published correlatamreed with the results from
the current study fairly well. However, in genetfa high level of disagreement
between those correlations, including that develope the present study,
indicates that a general correlation might be difi to achieve.
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The current study has been constrained, due to mapacities, to water flows
within Reynolds number ranges of 280-1100 for Nd 240-1000 for pressure
drop. This is a relatively small range in indudtrégplications. The obtained
correlations are accurate in this particular ravgaje applications beyond that
are not recommended.
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CHAPTER 5

FIELD TESTS ON LARGE-SCALE PHE'S

5.1 Introduction

Field measurements were carried out on two lardastrial PHE water chillers
(both having heat transfer areas greater than 5f)Ctarevaluate their thermal
performance. The machines were installed at Sodtitah gold mine and both
were fed by the thermo-siphon (gravity-feed) methdae refrigerants employed
were ammonia and R12, tested in February 1994 and 1996, respectively.
This chapter reports the results of the heat temngérformance evaluation of
those evaporators. All data presented are basédmiechnical reports (Bailey-
McEwan, 1994, Bailey-McEwan et al., 1996). Durihg tests the chillers were
operating at their design working conditions, iat. fixed mass flow rates and
cooling loads. The performance assessment was faherdbased on these
conditions only.

5.2 PHE Thermo-Siphon Evaporators

Thermo-siphon evaporators operate by means of tgetifierences between the
refrigerant liquid and vapour. A surge drum is pioseed at a suitably higher
level than the refrigerant inlet and liquid exiterh the bottom of the surge drum
and flows into the evaporator. When it boils a maigt of liquid and vapour is
formed which is lighter than the liquid alone, #fere gravity circulation takes
place. A high heat transfer rate is normally achiebecause the surface is
thoroughly wetted. Overall heat transfer coeffitiehave been reported to be in
the range of 2500-4500 W/(i) for ammonia, and 1500-3000 WA for CFC
refrigerants when plates are clean (Stromblad, 1989erfeeding ensures that
the vapour exiting the evaporator will be closestduration, not superheated,
which gives lower compressor temperatures and reffigient operation of the
condenser. The overfeed extent is evaluated byeitieculation ratengc, which

is defined as the mass ratio of liquid enteringhe®amount of liquid vaporized in
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the evaporator . = m/ my,, =1/ x,,). Typical values of recirculation rate for

conventional evaporators are 2 to 7 (ASHRAE Han#&b2@06: Refrigeration),

while for PHE flooded evaporators the common vaigecirculation rate is 1.2-
1.5 (Stromblad, 1989, Hanssen, 1997). The evapsrdé&sted in the present
study were designed and operated at a recirculegtenaround 1.4.

Because single-phase liquid refrigerant with lowoggy is fed into the inlet

manifold, flows are relatively evenly distributecettyeen channels without
distribution devices, which means that a large nemadd plates can be installed.
For this reason, PHE flooded evaporators are giyeyerated for large cooling
capacities over 500 kW. The two PHE thermo-sipheayperators tested in this
study were operating at cooling loads between 4 &mW . Direct-expansion

(DX) PHE evaporators are more commonly found inlenanstallations, where

a flow distributor is usually employed in the inla&anifold, which can result in
better flow distribution and heat transfer perfonte but also brings higher
pressure drops.

Thermo-siphon evaporators are normally expectdtate a higher heat transfer
coefficient than DX evaporators. Ammonia evapoatare smaller than HCFC
and CFC evaporators under comparable cooling lahdsto the high latent heat
and thermal conductivity of ammonia. It is evidémat nucleate boiling is more
likely to occur in a PHE flooded evaporator tharai®X evaporator, since most
of the heat transfer surface is "flooded", i.e.raalged, in liquid refrigerant and
the exit vapour quality is always low (normally angl 0.7, depending on the
recirculation rate) in the entire channel. Subaapht the channel entrance region
should be taken into account when flow rates ag@,hsince the increased static

water

flooded evaporator

DX evaporator
————————————————————————— 0°C

A: subcooled zone in flooded evaporator
B: superheating zone in DX evaporator

Figure 5.1: Typical temperature profile in PHE Idnoverfeed and
DX evaporators for water chilling
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liquid head will cause the liquid at the evaporatdet to be subcooled, resulting
in the preheating section taking up a considerphi¢ of the heat transfer area.
Figure 5.1 shows a typical temperature profile iRHEPflooded and DX
evaporators for water chilling applications.

The Water Chillers Tested

Both of the tested water chillers employed semidedl plates; no entrance
distributors were installed. The plate types wleedame for the two evaporators.
There were two evaporators in the R12 installatiantwin refrigerant exit
arrangement was employed with the water flow ineseaind the refrigerant flow
in parallel, and measurements were taken on evegpadya.1l. The plant layout of
these thermo-siphon systems is shown schematicaligure 5.2, the exchanger
information is summarized in Table 5.1.

e

Compressor

Condenser

Surge Drum

A

|

High Pressure Receiver Evaporator

Figure 5.2: Schematic diagram of the thermo-siphymtem

Table 5.1: PHE geometrical information

Ammonia R12
PHE type AX30-BW-FD AX30-B-FD
Plate geometry p=60°¢=122b=5mm
Plate size L, -w=1.8x0.94 nf
No. PlatesNp 444 316
No. Effective platesNp, eff 442 314
No. channels (totalNch 443 315
No. Water channelNch, w 222 158
No. Refrigerant channelNch ¢ 221 157
Heat transfer ared, m? 712 505.8
Plate thicknessp, mm 0.8 0.6
Plate material AISI 316 AISI 316
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5.3 Measurements and Data Reduction

Measurements of five quantities were taken at stalphning conditions of the
two chillers, these being the inlet and outlet temapures of both water and
refrigerant and the volumetric flow rate on the evaside. Six readings were
taken of each quantity during a time period ataierintervals. The experimental
measurements are given in Figures 5.3 and 5.4e$ts carried out on the chillers
employing ammonia and R12, respectively. The fresults for each quantity
were taken as the average of all six readings,a@adjiven in Table 5.2 along
with their measurement uncertainties.
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_A TW out
10+ - 550 AT
A Tf, n
VTV ——V 8 TV T
2
SERE o o 150 g —o0—Q,
& =
S 6 {450 8
I A A A <
B N "ot S
Q. o
g 4+ J4a00 =
o o}
F 7
2- ,%\xﬁx% a0 =
0 T T T T T T 300
1120 11:25 1130 1135 1140  11:45 1150 1155
Time
Figure 5.3: Ammonia water chiller measurements
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Figure 5.4: R12 water chiller measurements
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The overall heat transfer coefficient between the fluids can be expressed as:

Q
AT,

(5. 1)

whereQ =, q,.w( Toin— T Out) is the evaporator cooling load.

To find the value of the individual heat transfeefficients,U is expressed in the
form of thermal resistance:

i :_1+_1+(éj + Rfouling (5 2)
U hN h k plate

The refrigerant heat transfer coefficient can navchlculated using Equations
(5.1) and (5.2). The water side transfer coefficigas evaluated using the Martin
correlation (1996) as given by Equation (2.91). Ilrgufactors recommended by
Panchal and Rabas (1999), as given in Table Z6e vaken for the ammonia
chiller. The R12 chiller had been renovated withvna@ates prior to the test,
therefore the water side fouling was neglectedHr chiller.

Table 5.2: Measurement results of Ammonia and R12 ak

Parameter Ammonia R12
Qu, M/s 0.5+9.4% 0.141+7%
Tw.in °C 8.88+0.2 16.7+£0.2
Tw, 0w °C 5.23+0.2 9.7+0.2
T °C 1.86+0.2 6.3+£0.2
Tt ow °C 1.93+0.2 46+0.2
Cooling load, kW 7656 + 12% 4131 + 8%
ATum, °C 4.95 6.85

5.4 Results and Discussion

The obtained flow boiling heat transfer coefficerdf ammonia and R12 are
given in Table 5.3, along with values that werecgkted by some published
correlations from the literature. All correlatioase given in Table 2.7, except for
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Cooper’s pool boiling correlation which is given Bguation (2.5). It is worth

mentioning that because different channel equivatbameter were used by
different authors, care must be taken when thoseclations are used. The
comparisons between the measured and predictedsvalre evaluated by the
percentage error, which is defined as:

e= hcorr B hexpe (5 3)

hexpe

It is shown from the comparison that a number afetations could predict the
refrigerant heat transfer coefficients with reasd@aaccuracy. The refrigerant
used does not appear to cause a particular trete iaccuracy of the correlations.
The good agreement between Hsieh and Lin’s coioelatith the experimental
value for ammonia might be in some way coincidergal this correlation,
originally developed for halocarbon R410A, faileddredict the R12 data with
comparable accuracy. Yan and Lin's correlationnis of the earliest published
for evaporation heat transfer in PHE channels andlid not predict the

Table 5.3. Comparison between tested and calcwatees of
refrigerant heat transfer coeffici

o ) Ammonia R-12
Original testing
condition h, % h, %
wime-K) €7 wimzk) €7
Current experiment S=60° 4371 0 1744 0
1. Cooper, 1984 .
Eq. (2.4) Pool boiling 3807 -12.9 1522 -12.7
2. Yan and Lin, 1999 Single channel
Eq. (2.88) p=60°, R134a, 1028 -76.5 299.2 -82.8
3. Donowski and Kandlikar Single channel
2000, Eqg. (2.90) p=60°, R134a 4686 721 2391 37l
4. Hsieh and Lin, 2002 Single channel
Eq. (2.91) p=60°, R410A 4374 0.1 2583 48.1
5. Han et. al., 2003 2 channels
Eq. (2.95) RA10A 3600 -17.6 1723 -1.2
6. Ayub, 2003 Flooded
Eq. (2.97) ammonia 5570 27.4 1281 -26.5
7. Sterner and Sunden, ZOOB)X,ﬂ:5_9 38300 776 127000 7182
Eqg. (2.99) ammonia
8. Jokar et. al., 2006 DX, p=60°
Eq. (2.101) R134a 12050 176 2035 16.7
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experimental values adequately. A further checkhdf correlation shows very
poor ability to predict the authors' own data; akdted values fall far below their
experimental data (the verification can be carpet with Figure 6 in Yan and
Lin's paper). As is discussed in Section 2.7.Meeithere is an error in this
correlation as published, or a direction on thepprouse of the correlation is
needed.

Very high values oh, are observed with the correlations from both Steand
Sunden (2006) and Jokar et al. (2006). This maticodarly be due to the fact
that both of those correlations were developedidrevaporators. In Sterner and
Sunden's correlation the term 1) has a power of 1.624, which will result in
sharp increments oh, with small decrements ok,. Note that for a DX
evaporatorx, is in the range of 0.52-0.55 (corresponding tetinapour quality
of 0.05-0.1), while in the current tes} is around a value of 0.35 (corresponding
to exit vapour quality of 0.7). Also, this corretat has an exponent of 1.41 on
the mass flux, which makes it unsuitable for CFHigerants as CFC refrigerants
would have a much higher mass flux compared witt thf ammonia under
comparable cooling loads. In Jokar et al.'s cotiaiathe term 4, has a power
of 2; calculations for small changes of the cirtolarate have shown very high
changes of heat transfer coefficient. These tweoetaitons might be accurate for
their specified ranges of conditions, but they aoé recommended for flooded
evaporators.

Cooper's nucleate pool boiling correlation showsdyability to predict the heat
transfer coefficients for both ammonia and R12 evafors, with essentially the
same deviations. The correlations from Han et(28103) and Ayub (2007) also
give fairly good agreements for both cases. These ¢orrelations are also
superior to all others with plate geometry beingeta into account and are
applicable for various chevron angles.

5.5 Conclusion

In the thermal performance tests carried out on lavge-scale thermo-siphon
PHE evaporators, the ammonia evaporator showedrigemant heat transfer
coefficient of 4371 W/(hK), which is 2.5 times higher than that of the R12
evaporator. A comparison between the measured alcdlated values of heat
transfer coefficients using some published cori@tat indicates that these
correlations are likely to become inaccurate oetsirebir original ranges. Of those,
correlations developed for DX systems gave the dsgldiscrepancy with the
current test data. Cooper's (1984) pool boilingelation appears to predict the
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heat transfer coefficient quite accurately for bawaporators. It might be
concluded that this correlation is suitable forgeascale PHE thermo-siphon
evaporators, notwithstanding the fact that the dami boiling mechanisms in
PHE channels remain a matter of debate.
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CHAPTER 6

EVAPORATOR PERFORMANCE TESTS USING
R134a AND R507A

6.1 Introduction

The experimental results of the thermal and hydrguérformance of the three
BPHE units operating as liquid over-feed evapos&oe reported in this chapter.
A schematic diagram of the experimental apparaugven in Figure 3.5. Two
refrigerants, R134a and R507A, were used, followimagically the same
experimental procedure but with slightly differaanges of cooling loads and
system pressures.

A detailed description of the liquid over-feed systis given in Section 3.4.1.
The testing range of the two refrigerants, as albvwy the system maximum
capacity, is summarized in Table 6.1. In total ¢hare 175 measurement data
points obtained for the tests using R134a and 6(Rf07A. Each data point
contains measurements of nine variables includdngperatures at the water inlet
and outlet and those at the refrigerant inlet antleg volumetric flow rates of
both the water and refrigerant streams, and thestatic pressures at, and the
differential pressure between, the refrigeranttimied outlet. It is desirable to
give some explanation regarding the selection peermental data. No data have
been discarded simply because they do not fit theeldped correlation.
However some data were discarded because theytdeet all of the following
conditions:

» Data were taken under stable conditions.
All data for analysis were to be obtained underndyestate conditions,
confirmed by observing a stable water outlet temfpee changing by not
more than 0.1 °C during approximately a 10 mintiteg period. In a few
cases the obtained data showed greater divergadogexe thus discarded.
Tests were repeated for that testing condition unhscases whenever
possible.
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Table 6.1: Testing Range for R134a and R507A

R134a R507A
Heat flux, q, kW/m 1.85- 6.50 3.79-6.88
Mass flux, G, kg/(rfs) 5.60 - 30.30 15.94 - 31.39
Outlet vapour qualityxoy 0.20-0.95 0.40 - 0.95
Saturation temperature, °C 5.9 - 13.04 7.8-12.6

For heat transfer data, the refrigerant superhietiteaevaporator exit was
less than 0.3 °C.

Theoretically for a liquid over-feed evaporator tiefrigerant temperature
at exit is slightly lower than that at the entrandee to the pressure drop
across the evaporator with a corresponding saturatemperature
reduction. However in an actual test, superhetiteaevaporator exit could
sometimes be observed. This could be explainedhleyfact that the
refrigerant mixture downstream of the evaporatos wat in equilibrium
across the pipe cross-section while the temperagarsor probes were
positioned at the pipe centre line and measured whpour-phase
temperature. In the present study most data halet @nd outlet
temperature differences less than 0.2°C for R184ic0a3 °C for R507A.

For pressure drop data, the differential pressamesmitter had a positive
reading.

Differential pressure transmitters are designed th@ measurement of
positive pressure differences. When the transmittenks at low or even
negative pressure differences, the readings arecéeghto have high errors.
In the tests carried out in this study, the acfuassure drop across the
evaporator was always positive, however the medsuatue could be
negative because the liquid leg in the feeding, Meich is downstream of
the transmitter high side connection point (seeufdg3.11), imposed a
pressure rise for the measurements. This situatasencountered only in
a few occasions for the tests with R134a at veryflow rates.

The experimental data were reduced to obtain the@eeant-side heat transfer
coefficient and frictional pressure drop. The effet flow maldistribution, for
both water and refrigerant streams, was not coraide-or the effect of the
lubricant oil in the system no detailed informatignavailable. An oil separator
was installed in the system, however, oil findswvitay into the evaporator no
matter how efficient the separator is. Oil concatiin less than 2% might be
expected in the evaporators. All thermo-physicabpprties and the performance
assessment of the refrigerant/oil mixture have Hessed on the assumption of
pure refrigerant.
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6.2 Test Procedure

The test facility of the evaporators has two citguihe refrigerant circuit, with
refrigerant flowing upwards on one side of the exaer and the water circuit,
with water flowing downwards on the other, formiagcounter-current flow
arrangement. The two circuits were designed to igeowstable controlled
conditions in the desired ranges of temperaturksd fflows, and thermal
capacities. Water was supplied from the water suatp environmental
temperatures. Due to the large volume of the waerp which exceeds 40°m
the water supplying temperature changes very $igit a daily basis, normally
within 0.1°C. Details of all the measurements aggiser mounting arrangements
are given in Section 3.5.2. The evaporator perfocaaests were carried out on
the three BPHE units individually, as summarized afle 6.2.

The effects of three parameters, namely the impbsad fluxq, the refrigerant
mass fluxG,;, and the outlet vapour qualitg,, on the evaporator heat transfer
and pressure drop performance were investigatefferBint heat fluxes were
obtained mainly by controlling the condenser awwfl rate and also with
operating the surge drum feeding valve and the cesspr back pressure
regulator. At each fixed heat flux, the refrigeramdss fluxG, was adjusted from
maximum to minimum as allowed by the system capabiifferent outlet vapour
fractions X, resulted according to the different flow rates.eTdéffect of the
system pressure was not investigated due to its small range inctimeent tests.
P was determined by the water supply temperaturtdeaigiven cooling loads.
During the tests the water flow rate was maintaiaiefixed values, this helped to
improve the consistency in the calculation of tbelmg load and water-side heat
transfer coefficient. All data were obtained undgeady-state conditions,
confirmed by observing a stable water outlet terajpee changing by not more
than 0.1 °C during approximately a 10 minute tinezigel. The experimental

Table 6.2: Summary of evaporator performance tddtse three PHE units

PHE  No. of
Refrigerant Test Chevron data
angle  points

Gw Tw, in Gr Tsat q
kg/(mfs)  °C kg/(m?s) °C KW/m?

1 28°/28° 58 201-203 13.7-16.6.6-30.3 5.9-12.2 1.85-6.10
R134a 2 28°/60° 58 200-203 13.8-15.%.7-27.1 6.7-12.8 1.86-6.44
3 60°/60° 59 200-203 13.8-15.%.8-27.0 7.4-13.0 1.86-6.50
4 28°/28° 22 200-204 16.3-16.66.0-29.8 7.8-10.6 3.8-6.4
R507A 5 28°/60° 18 200-204 16.2-16.36.0-31.4 8.6-10.9 3.8-6.7
6 60°/60° 20 202-203 16.2-16.37.6-31.4 9.2-12.6 4.7-6.9
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measurements and some selected calculated pararaetegiven irAppendix F
Operating instructions of the refrigerant evaparaést facility can be found in
Appendix N

6.3 Data Reduction

All experimental data for the analysis were proedsby MATLAB codes
specially developed for the current study. Wateopprties were evaluated
according to a NIST Standard Reference Databasarfian et al., 2005) at the
bulk mean temperature:

T :%(Tin+Tou (6 1)

For the refrigerants the physical properties wevaluated at the saturation
temperatureTsy, according toASHRAE Handbook 2008oth the water and
refrigerant property values were determined bydinaterpolation from property

tables as provided by the reference sources. A Isamgiculation, via the
methods provided in this section, of the data rédngs given inAppendix G

6.3.1 Flow Boiling Heat Transfer
The evaporator cooling load is calculated by:
Q: rnwcpw(-rw in Tw,out) (6 2)

The refrigerant vapour quality at the evaporatdetins assumed as zero for all
tests, and the vapour quality at exit is determiineuh

X = ©6.3)
mrlfg
The overall heat transfer coefficiddtfor the evaporators is found from

_ Q
U= AT (6. 4)

whereATy is the log mean temperature difference betweetwbestreams:
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AT, = 2T ETmn (6.5)

JAY
In| —max
(ATmin j

Equation (6.5) applies to all types of heat excleangor the current evaporators
with counter-current flow, the temperature diffezes are

ATmax = Tw, in - T
AT, =T

w, out

r, out
T, (6. 6)
The refrigerant at the evaporator inlet is in tilgeit state and slightly subcooled.
This subcooling is due to the liquid leg in thedieg line (see Figure 3.11)
which imposes additional pressure on the saturbdedd flowing downstream
from the surge drum. The evaporator should striodyregarded as having two
regions: a single-phase region and a two-phase Hoikng region. The two
regions have different temperature profiles ancukhbe treated separately. The
partition of the two regions follows the procedwsinilar to that given in
Appendix M first by assuming single-phase heat transfer fioosfits for the
refrigerants. In the real experiment in the curretudy, however, the heat

transfer rate in the single-phase regid@subcoolmg, is very small, being less than
1% of the total cooling load for most cases. Thaeefthe evaporator is treated as
a single region of two-phase saturation boiling &gdiation (6.5) applies for the
whole exchangelQSubcooling is calculated by

qubcooling =m rC p, A Tsu (6 7)

whereATgypis the degrees of subcooling, taken as the carrelpg temperature
difference caused by the static pressure of thediteg. The magnitude &Tsp
is 0.6 °C for R134a and 0.3 °C for R507A at theuiiligleg height of 0.66 m.
Additionally, the saturation temperaturé; is used instead of the inlet
temperaturel, i, for the calculation of the log mean temperatuféeince in
Equation (6.6), considering that the two-phaseamgccounted for more than
99% of the heat transfer. The saturation tempegasucalculated by:

Tsat = Tr, in + ATsub (6 8)

The refrigerant-side heat transfer coefficientagvrdetermined from:

1
h_w_ RWaII - R‘ (6 9)

1.1
h U
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In this equation the water-side heat transfer aoefft h,, is determined from
Equation (4.22), as obtained from the single-phases with water. Values for

the water side fouling factd¥ are taken as recommended by Panchal and Rabas
(1999), given in Table 2.6 is the wall thermal resistance defined by:

(3
RwaII - (Ej el (6 10)

6.3.2 Two-phase Pressure Drop

Components of the Measured Pressure Drop

The measured pressure droPmeas CONsists of many components, including
pressure drops inside the channélyg, frictional pressure losses through the
pipeline with all its bends and fittings, and elema components of any vertical

lines between the sensor's two connections. For pglessure measurement
arrangement, Figures 3.5 and 3.11 red@¥,casiS expressed by:

AP, . =AP,, +AP

meas

+AP pipe, Ioce;'-A P pipe, e (6 11)

pipe, fric
where the total pressure drop across a plate kehaerger is given by:

AP, =AP

fric

+AP_+AP,_+AP,, (6. 12)

port acce

In the above equations, the frictional pressurg draross the channe\Pyc, is
the purpose of investigation, and is usually thgompart of the measured value
of pressure drop. To obtaikPs., all other components have to be evaluated and
extracted fromAPneas In this study the acceleration and gravitatiopdssure
losses inside the PHE AP, and APg,, are evaluated theoretically by the
homogeneous model with Equations (2.53 b) and (2);3espectively. The
pressure drops across the inlet and outlet podsraanifolds are evaluated using
the empirical correlation suggested by Shah anckd-dd@988), as given by
Equation (4.14). This equation was initially propddor single-phase water, but
has been adopted by many investigators for thenastin of two-phase pressure
drop across the ports and manifolds in PHE chanastsiming homogeneous
flow. Since there is no better information avai@libr the calculation of this
pressure loss, this method is adopted hereAfiggl: is calculated by:
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— Gport2 Gport2
8, m{[ = J [ =) 6.13)

where g is the two-phase mean density defined by Equ4fiat).

Lengths of the evaporators’ refrigerant feed andurre lines are given
schematically in Figure 6.1. Calculation of pressdrops in the feeding line
follows the same procedure given by Section 4.82the refrigerant is in the
liquid state in this line. For the return line wiicontains a two-phase mixture of
the refrigerant, the frictional pressure drop o fhipe is calculated using the
classic Lockhart-Martinelli method as given in $@tt2.3.4. For local losses
across bends and fittings, the methods summarigédioblier and Thome (1994)
are used. This calculation method for local presdosses is based on the
separate flow model and is very similar to the Lwak-Martinelli method for
straight pipes. The two-phase pressure drop aergsge fitting which does not
change flow section (i.e., no enlargement or cativa downstream of the fitting)
is given by:

— Pl (6. 14)

whereC is the Chisholm parameter given by:

Diff. pressure

470

Abs. pressure
transmitter RTD

>
!
D

6
60. \ A Units: mm
O

Figure 6.1: Lengths of the feed and return pipsline
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C= {)l +(c, —A)(l—g—fjo's}[(g_jos +(’;—fj T (6. 15)

wherec, andl are constants to be determined for different tygefdtings. X in
Equation (6.14) is the Martinelli parameter deteraci by Equation (2.61\P;
is the pressure drop assuming only the liquid foactiowing in the pipe. There
are two methods available to calculate , both commonly seen for calculation
of single-phase pressure loss across pipelinadti

D= K(300%) (3

ocal —

0= 1G] de) (9

The parameteK in method (a) (Equation 6.16 a) is called the istesice
coefficient”, and [(/d) ¢q in method (b) (Equation 6.16 b)is called the “eqlent
length in pipe diameters”. In the present studyhoet(b) is adopted with values
of (L/d) ¢q taken from those recommended by Avallone and B&iare(1996),
and Equation (6.16 b) is rewritten as:

(6. 16)

2 1_ 2
AP, = f, [ﬁﬁj S 6.17)
d eq 210f

For the fittings and bends in the current experitalegpparatus, values fos and
A in equation (6.15) andL{d) qin Equation (6.17) are summarized in Table 6.3.

Table 6.3: Values ofL{d) ¢, c1 andi for pipe fittings and bends

(L/d) eq C A
2% Tee branch 60 1.75 1
25 Teerun 20 1.5 1
\&  Bend 30 2.0 1
Ball valve 20 15 1

Friction Factor and the Chisholm Parameter

Once the frictional pressure drop is obtained ttveephase friction factof, and
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the Chisholm paramet&® can be calculated using the homogeneous model and
the Lockhart-Martinelli method, respectively. Batiethods were tried in this
study to find which one is more suitable to theezkpental data.
fip is calculated straightforwardly assuming homogesdtow:
AP L,
o S (6. 18)
G°/2pd,

where p is the two-phase mean density calculated by Eoud#.49) with mean
vapour quality okm = 0.5 §&in + Xou).

As reviewed in Section 2.3.4, the Lockhart-Martinehethod is based on
adiabatic flow for which the vapour qualityis a constant. To apply this method
for refrigerant evaporators whexeehanges along the channel length, local values
of x have to be assumed and a stepwise integratiomeofptessure gradient
obtained at locak is needed to obtain the total pressure drop. Bsamption of
linear change ok along the channel length is the simplest optiodh isnused in
this study. Sterner and Sunden (2006) also addptedreatment. The Lockhart-
Martinelli method essentially consists of the detieation of the ¢ - X
relationship for irregular channels, where the Maiti parameteX is a function

of local vapour quality. The - X relationship can be found experimentally and
can be given:

a) using the Chisholm paramet@ri.e., Equation (2.65)
b) in graphic form
c) in other equation forms.

Of these the method (a) is popular and is regaaedtandard for circular
channels. The latter two require the measurememredsure drops at loca)
which is a common practice for adiabatic flow tdsis is not practicable for tests
on evaporators where usually only overall measungsnare taken withx
changing in a certain range. For these reasons#ibod (a) is adopted in this
study and the Chisholm constabtis obtained via a MATLAB program code
following the procedure:

1. For numerical integration, artificially divide trehannel length,, into N
parts N = 1000 in this study). Assume linear chang& afongL.

% - Xout ~ Xin (6 19)
dz L,
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2. At each locak (one of 1000), calculate the Martinelli parameXdoy its
original definition:

dP. . dP,.
X =\/#/J (6. 20)
dz dz
dP, G%(1-x)* dP, 2y2
where,—™L = f [ (1-=x) , — 8= ngG X
dz 2p; d, dz 2p,d,
f, =2 f, = a values fora andb are taken from Equation (4.24),

Re”" ° Re;’
as in the friction factor correlation obtained frahe single-phase water

tests. The same correlation is used for liquid\aagbur phases.
G(1-x)d, Gxd,

Re, =
/’If /’Ig

, Re, =

g

3. Find the Chisholm paramet€r
3.1 Assume an initial value &f
3.2 Calculate the two-phase friction pressure drop

@} :1+%+% (6. 21)
_ dP,.
dF)frIC — ¢f2 G fric, f (6 22)
dz dz
. L Xout dP.
Apﬂic :J>Lp dF)frIC mzz P J. ¢f2 fric, f Dj)( (6 23)
0 Tz Xy X dz

Alternatively, C could be determined usirtg2 and Equation (2.64), with
the same results, as verified in this study.

3.3 Compare the calculatexPsc with experimental data, if the two
differ more than a preset value say 0.5%, modify Walue ofC and
repeat step 3.2 until the right value ©fis found. This is an iteration
approach. Alternatively, as used in the currengmm, C is found by
trial-and-error, values ofc were tried starting from O and growing
upwards with a step of 0.01 until the calculatéByi. exceeds the
experimental value, and the last small€stvas chosen. In the current
program the discrepancy between the calculatdé,c and the
experimental data is smaller than 0.5%.
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6.4 Uncertainty Analysis

For the experimental data and calculated paramebtersincertainty analysis was
carried out according to the 1ISO (ISO/1995) methdds method, along with the
ASME (ANSI/ASME PTC 19.1, 2005) method, which ammcag the most
widely used, is introduced iAppendix | Extended details of the uncertainty
analysis for the refrigerant evaporator test resate given imPAppendix L For
clarity, only a summary of the analysis resultgrissented here in Table 6.4.

Table 6.4: Summary of experimental measurementrtainges

Max. Abs. percentage uncertainfy(¢)/ ¢ |

max

Parameter R134a Test R507A Test
— oqo DB =28° — apo — oo P =28° — ano
p=28> P20 p=eoe | p=280 PN p=60
Water mass flow rate,
T (kgfe) 043% 042% 042% 042% 042%  0.42 %
Refrigerant mass flow rat
o (kgfe) 18% 19% 20% 05% 06%  0.9%
Heat flux,q (W) 43% 43% 43% 34% 34% 35%
AT, (°C) 19% 23% 29% 12% 19%  2.3%
Cogeef;;i'i'em‘ﬁ ”(awnfr‘;?{() 47% 49% 51% 36% 39% 42%
Refrigerant heat transf
C:e?f?géi? : ea(vzf;g%gr 76% 70% 67% 65% 79%  8.6%
] rs
Outlet vapour quality X, 4.6 % 4.6 % 4.5 % 3.3% 3.3% 3.4 %
Frictional drop,
ArF',C 'O?sa;’ressure P 1249 121% 116% 124% 125% 12.8%
frics

Two-phase friction factor,

wo-phase Inctiontactor, 1,506 122% 11.7% 125% 126% 12.9%

fip

6.5 Results and Discussion

The experimental results of the thermal and hydrguerformance of the three
BPHE units operating as liquid over-feed evapostoe reported and discussed
in this section. Calculated results can be founfigpendix F
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6.5.1 Heat Transfer Characteristics

The primary interest in the heat transfer perforoeaanalysis is the refrigerant
flow boiling heat transfer coefficient.. The purpose of the analysis is the
guantitative evaluation of this parameter, anddépendence on relevant flow
properties (mainlyg, X, G and Psy), channel geometry (primarily the chevron
anglep), and the refrigerant thermo-physical propertidse experimental data of

h, are presented in Figures 6.2 and 6.3 for R134aR&GUY A tests, respectively,

plotted versus the refrigerant mass flux i@teat fixed heat fluxes. It is observed
that for both refrigerants in the test range, teathransfer coefficient shows a
strong dependence on the heat flux, and a relgtiwebk dependence on mass
flux. The two refrigerants showed similar heat $fen coefficients at comparable

heat fluxes in the range of 1.9 - 6.9 kW/m

It is also observed, as seen in Figures 6.2 andi@&aBthe chevron angle exerted
a very small effect on the flow boiling heat trars€oefficient at comparablg
and G,. It is known that the chevron angle is the mospanant geometrical
parameter for single-phase heat transfer in PHI$,in the current tests, the
flow boiling heat transfer coefficients for differechevron angle units are quite
close to each other at same heat fluxes. The utlitthe highest chevron angle
of 60° does not show improved heat transfer ratespared with that with the
lowest angle of 28°. This indicates an insignificaforced convection
contribution to the total heat transfer rate.

The influence of the vapour qualityon the refrigerant heat transfer coefficient is
not explicitly shown in Figures 6.2 and 6.3. Astetiearlier, the two parameters
of refrigerant mass velocit®, and the outlet vapour quality,,: were coupled in
the present experiments, as tests were carriedtdiked values of heat flux for
which the outlet vapour quality changed correspogigiwith the mass flux. The
relationship of the two parameters is demonstratgd Equation (6.3).
Quantitative evaluations of the influence Gf and x,,: on the refrigerant heat
transfer coefficient, could not be individually obtained due to thistresion.
Nevertheless, all data obtained in the testingedndicated that this influence is
insignificant. For example, in the test of R1344&hv# = 28°, at an imposed heat
flux of 4.0-4.1 kW/n3, h, changed in the narrow range of 1.52 — 1.73 k\i(m
whenG; varied from 22.7 to 11.2 kg/@s) andx.y from 0.44 to 0.92. Figure 6.4
shows the R134a experimental datahoatq ~ 4 kW, plotted versug,:., and a
weak dependence df on X, can be seen for all three units with different
chevron angles. It is understood that at highersnflag and vapour quality the
two-phase mixture flows at higher velocity, whichomotes convective heat
transfer. In the current experiment this effectrafatively small, and again it
indicates insignificant contribution of forced cattion contribution to the total
heat transfer rate.
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Figure 6.2: R134a experimentalvs. G, at various heat fluxes
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Figure 6.3: R507A experimential vs. G, at various heat fluxes
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Figure 6.4: Influence of,,; onh; at fixed heat flux

The experimental data &f are plotted versus the heat flgyn Figures 6.5 and
6.6, for R134a and R507A respectively. For bothigefants in the test range of
G, hr increases witlg and the trend shows a strong dependence. Alseriess
in these figures, the experimental data of R134hRBO7A are compared with
three selected pool boiling correlations includihg Stephan and Abdelsalam
(1980) correlation, the Cooper (1984) correlatiamd ahe Gorenflo (1993)
correlation’. The comparison is for the purpose of finding wtiether the heat
transfer process in the PHE evaporator units i¢eate-boiling dominated. These
three reference correlations are given by Equat(@) through (2.6), and are
among the most widely recognized in the literatitres observed that for R134a,
predictions by the three correlations are quiteseldo each other. Of these
correlations, The Cooper (1984) correlation wasettgped for nucleate pool
boiling on horizontal plane surfaces, the authaggested that for boiling on
horizontal copper tubeg,is to be multiplied by a correction factor of 1While
no resemblance could be recognized between thetyp® of channels, the
Cooper (1984) pool boiling correlation for horizahtopper tubes (the original
correlation multiplied by 1.7) fits rather well \withe current experimental data
of R134a flow boiling in PHE evaporators, with aaneabsolute error of 7.5%.,
defined by

! In the calculation using the three correlatiaibphysical properties are evaluatedat= 8.6
°C for R134a and 9.1 °C for R507A, respectivelyjolihare the average values of the tested
ranges of saturation temperature.
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Figure 6.5: R134a flow boiling heat transfer cagéint versus heat flux
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Figure 6.6: R507A flow boiling heat transfer coeiént versus heat flux
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wheren is the number of data points. For R507A, the tlo@eelations showed
greater disagreement on the predicted heat traogédficient, with the Gorenflo
(1993) correlation giving much highdr, than the other two. R507A is a
relatively new refrigerant which is not coveredthg original databases of these
three correlations. The original Cooper correlafisquation 2.5) fits reasonably
well with the R507A data, with a mean absolute reof®.3%.

It is observed that even though the data for R1&#h R507 could not be all
correlated by a single pool boiling correlatione ttrend ofh, with q is well
predicted. Along with the observation that forceswection heat transfer has an
insignificant contribution to the total heat tragisfates, it might be concluded at
this point that the flow boiling process in PHEUId over-feed evaporators is
nucleate-boiling dominated.

6.5.2 Pressure Drop Characteristics

The pressure drop across a refrigerant evaporatontany contributions, among
which the two-phase frictional pressure drop iddnthe largest. It is the purpose
of this study to evaluate this pressure drop and fis dependency on relevant
flow and geometrical parameters.

In general, the two-phase frictional pressure dobphe refrigerants showed
strong dependence on mass flux and vapour qualitg,increased with higher
chevron angles. This is distinct from the heatdfancoefficient results on which
the flow parameters and chevron angle showed agnifisant influence. The
frictional pressure losses of both refrigerantsenvebserved to increase almost
linearly with the homogeneous two-phase kineticrgnger unit volumeFy, ,
which is defined by

GZ
Ek,tp=§

m

(6. 25)

wherepn, is the homogeneous two-phase mean density cadulat Equation
(2.49) with mean vapour quality,. For a clearer perception of the teEn p,
Equation (6.25) is expanded to:
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2
E = || Aot |x, +1 (6. 26)
’ 2pf log

where X, =0.5( X;, + X, -

The experimental data of frictional pressure didfic are plotted versusy, ¢ in
Figure 6.7, for all R134a and R507 data. A reldgii@ear relationship is clearly
seen. This relationship betweaRyc andEy, , was also reported by Jassim et al.
(2005) for R134a adiabatic flow in a single chevtgpe channel witl$ = 60° in
the whole range of = 0 - 1, and by Longo and Gasparella (2007) frestst on
R134a, R410A and R236fa evaporation in a BPHE With 65 °. The current
data cover a wider range of chevron angles. Ald ddiowed the same trend and
for each refrigerant the frictional pressure depigher at higher chevron angles.
From an analytical point of view, the relativelyndiar increase of frictional
pressure drop with the kinetic energy suggestsahatertial effect is dominating,
rather than viscous effects. This phenomenon relssntibat of single-phase pipe
flow in the “fully rough turbulent flow” region. Its a well known fact that in
single-phase pipe flow when the Reynolds numbeeeds a certain transition

10
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Figure 6.7: R134a and R507A experimental dataictidnal pressure
drop versus two-phase kinetic energy for
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criterion, the frictional pressure loss becomesdity dependent on the kinetic
energypu?/2. The criterion of this transition starts earlfer rougher pipes, as
demonstrated clearly by the Moody Chart. For shpylase flow the corrugated
channels of PHE’s could be considered as a routpe, twhose roughness
increases with increasing chevron angle (Heavnat.£1993). It seems that this
assumption has also found some validation fromctiveent data of two-phase
frictional pressure drops. Also, the strong relagitip between the frictional
pressure drop and the homogeneous two-phase kieegcgy indicates a
potential application of the homogeneous flow mddethis type of channel.

6.6 Conclusion

Experimental results of refrigerant heat transfed pressure drop performance of
three BPHE units using R134a and R507A are predeme discussed. The units
were arranged in parallel but were operated aniddesdividually as liquid over-
feed evaporators.

The heat transfer data suggest a nucleate boibngfthted process in the
evaporators. For both refrigerants in the test @éanige heat transfer coefficient
showed a strong dependence on the heat flux, amelalt dependence on mass
flux, vapour quality, and the chevron angle. Theeavbed refrigerant-side heat
transfer coefficients are essentially of the samagmitude for the two refrigerants,
being 1 - 2.5 kW/(1fK) in the test range aof at 1.9 - 6.9 kW/rh On the other
hand, the two-phase frictional pressure drop of réfagerants showed strong
dependence on mass flux and vapour quality, ancased substantially with
higher chevron angles. The frictional pressure Mgl both refrigerants was
observed to increase almost linearly with the hoemegus two-phase kinetic
energy per unit volume, %pn.
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CHAPTER 7

DEVELOPMENT OF THERMAL-HYDRAULIC
CORRELATIONS FOR PHE EVAPORATORS

7.1 Introduction

Correlations predicting the refrigerant flow bogimeat transfer and two-phase
frictional pressure drop in PHE liquid over-feecparators are developed in this
chapter. The heat transfer correlations are base2P@ data points, covering the
experimental data of R134a, R507A and the fieldingsdata of ammonia and

R12. The pressure drop correlations are based &m&@ points covering R134a
and R507A, and two methods are considered: the genous method and the
Lockhart-Martinelli method.

7.2 Flow Boiling Heat Transfer

The Cooper (1984) pool boiling correlation can father well with the
experimental data of R134a and R507A, as givenhapfr 6, with different
correction factors for the two refrigerants testeeing 1.7 for R134a and 1.0 for
R507A, respectively. The application of this par#r pool boiling correlation
for PHE evaporators has been suggested in a fegr otitasions, for example,
Claesson and Palm (1999) found this correlatiortable for a R22 direct
expansion evaporator when multiplied by a factor 106. Also, the field
measurement data obtained for ammonia and R12 Plterwchillers, as
presented in Chapter 5, suggested a leading cieefficof 1.14 for both
refrigerants. It is the task of this study to fiadyeneral correlation which covers
more than one refrigerant and which must be ablgreadlict the refrigerant
boiling heat transfer with reasonable accuracy.

In the development of a general correlation of margerimental data, various
approaches are possible, for example, to improveaify existing correlations
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considered appropriate or suitable for the dateaat, or to derive new forms of
correlation using dimensional analysis then adbpt donstants and exponents
using a statistical regression methods. Some diffes are encountered when
trying the first approach:

1. There is no flow boiling heat transfer corraatifor PHE channels which
has gained wide validation and approval. Consedpamt correlation
developed for PHE channels to date could be redaadesufficiently sound
for general use.

2. Conventional flow boiling correlations develdger regular pipes showed
inconsistency with the current experimental obs@mna. As pointed out
earlier, it is observed in the current study ttregt low boiling process in
the liquid over-feed PHE evaporators is nucleatéingedominated. As
such, conventional forms of correlations are ndirelly applicable to the
current case where the contribution of forced cotiga is negligibly small.

3. On the other hand, no pool boiling correlatioould be modified to
accommodate all data obtained from different refiagts, although the
general trend ofi, versusg could be predicted by those correlations.

Consequently, the second approach is adopted snsthdy, i.e., correlating the
experimental data by means of statistical regresdibis approach is essentially
finding the best fitting constants and exponentsadtnown number of non-
dimensional groups, obtained from dimensional amsl\it is understood that the
heat transfer process is characterized by a nurmbdéiow and heat transfer
parameters including, Tsa; G, X, P, and fluid physical properties includipg,
Co, K, 0, iig. Now a set of non-dimensional groups is obtaimethfthose variables,
using dimensional analysis:

i.d,?
X, = %% , Xy =2 2 ’ stReszdh' X4:Retp:Gdh
kasat f f tp

C
=P x =pr=H%t x ony=D% x —p P
pg f kf crit

whereT,, is in K, notin °C,

g(pf _pg
[ is the contact angle, taken as 35° for hydrocadhal refrigerants,
a =k/(pc,) is thermal diffusivity, in M/s.

0.5
d, = 0.01466’[ 20 )} , Is the bubble departure diameter,

Some of these non-dimensional groups have beerogatpby other authors, for
example X; andX; by Stephan and Abdelsalam (198%) by Cooper (1984) and
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Gorenflo (1993), and some have been familiar inglsiphase heat transfer
correlations. It is to be noted that this list anrdimensional groups is not
complete. For example, at least another three gigsnincluding the latent heat

ifg could be definedXy =i, /(c, Te), Xy =igd o/v { wherev = u/ p is the
kinematic viscosity, anan:Bo:q/(Gifg). Furthermore, the two-phase

Reynolds number Rgcould have as many as three expressions, withvtbe
phase viscosity being defined by Equations (2.5thigugh (2.52 c). It remains
the task of the investigator to find the most ralv and pertinent non-
dimensional groups in the analysis. As pointed muStephan and Abdelsalam
(1980), the non-dimensional numbers need not naafssclude all possible
ones but essential properties must be includeldaset numbers.

Experimental data of refrigerant boiling heat tfansobtained for this study

include 171 data points for R134a, 49 for R507A96ammonia and 6 for R12.

For the latter two refrigerants, i.e., ammonia &i®, all 6 measurements were
taken at certain time intervals under fixed desigking conditions, and those

measurements are averaged and reduced to oneaifattéop the analysis. Details

of the complete dataset for all four refrigeramts given in Table 7.1.

Table 7.1: Description of the heat transfer data

Refrigerant No.data Chewron G G, , Yout Tsas
points angle kW/m kg/m’s °C
58 28° 1.85-6.10 5.60-30.27 0.21-0.92 5.9-12.2
R134a 57 28°/ 60° 1.86-6.44  6.74-27.07 0.20-0.95 6.7-12.8
56 60° 1.86-6.50 7.32-26.95 0.20-0.85 7.4-13.04
22 28° 3.84-6.36  15.96-29.83 0.45-0.92 7.8-10.6
R507A 17 28°/ 60° 3.84-6.71 16.53-31.37 0.41-0.93 8.810.
10 60° 4.70-6.88 18.40-28.06 0.56-0.91 9.2-10.5
ammonia 1 60° 10.75 8.22 0.71 1.9
R12 1 60° 8.17 52.25 0.71 55
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Based on the complete set of data, the followingagqgns were obtained.

Correlation 1:

h d d 0.67 | d 2 0.42 -0.10
Nu, === =1.18< 10° [E—q 0 J o || Lol ppa (7.1)
f kf -I-Sal af pg

Mean absolute error 7.3% for all data. Specialig, percentage error is 6.4% for
ammonia and 11.1% for R12.

Correlation 2:

0.56 /. 0.31

id,’

Nu, = Nds _1 g7x 10201 9% 02 P (7.2)
kf af

sat

Mean absolute error 6.8% for all data. Specialig, percentage error is 4.1% for
ammonia and 8.9% for R12.

Correlation 1 was developed with the exponent ef ieat flux group fixed at
0.67. This value was specifically chosen to refie commonly accepteltq
relationship in pool boiling heat transfer, as givby Equation (2.3) and
discussed in Section 2.1.2. For Correlation 2cafistants and exponents were
determined by regression analysis. It is to becedtithat in both correlations the
heat fluxg imposes a strong influence on the Nu number, coatgato that as in
pool boiling correlations (for example, those gil®nEquations 2.4 through 2.6).
Flow parameters such as Re and vapour qualéagd also information on plate
geometry, especially the chevron angle, are exddidam the analysis as a result
of their negligible influence on the heat trangfates. The two correlations are
developed from, and thus only cover, refrigeranttate geometries and
evaporator working ranges as specified in Table 7.1

Calculated Nuvalues using Correlation 1 and Correlation 2 amagared with
experimental data of R134a, R507A, ammonia and Rba, are presented in
Figures 7.1 and 7.2, respectively. As shown infifpgres, both correlations are
able to predict the data fairly well, with Corredat 2 giving better agreement for
both refrigerants and showing a better consistemitli the data at low heat
fluxes. For Correlation 2, 75% of the data fallit 10% deviation bands, and
97.3% within 20% deviation bands.
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7.3 Two-phase Frictional Pressure Drop

Correlations were developed to predict the two-pHastional pressure drops in
PHE channels using two methods : the homogeneotisoth@nd the Lockhart-
Martinelli method. Experimental data of the refrigget two-phase frictional

pressure drop include 146 data points for R134a68ndr R507A. Details of the
complete data set are given in Table 7.2.

Table 7.2: Description of the frictional pressurepdata

Refrigerant No. data Chevron G, Yout Tsas
points angle kg/mZS °C
44 28° 13.62-30.27 0.25-0.82 5.9-12.2
R134a 50 28°/ 60° 10.74-27.07 0.24-095 6.7-12.8
52 60° 10.89-26.95 0.25-0.90 7.4-13.0
22 28° 15.96-29.83 0.45-0.92 7.8-10.6
R507A 18 28°/ 60° 15.94-31.37 0.41-0.93 8.6-10.9
20 60° 17.61-31.39 0.40-0.95 9.2-12.6

7.3.1 Correlation using the Homogeneous Model

Based on the experimental data of R134a and R5@oielations were
developed to predict the two-phase frictional puessdrops in the corrugated

channels. The homogeneous model defines the tweepfiection factor in the
form:

a
fo=5%
Re,,

(7. 3)

wherea andb are constants that can contain fluid properties g@ometrical
information. There are two considerations arisingew using the homogeneous
model to correlate experimental data:

1. Localx versus mear.

The total pressure dropPsic can be calculated by integration of local
pressure gradients:
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~AP

fric

Lp G 2
=["f, Gz (7. 4)
0 2pd,

where p is determined by locak, and fy is the adiabatic two-phase

friction factor which is also a function of local This calculation method

is difficult to obtain from evaporator test dataes local measurements
are not available, and inconvenient to apply duethe integration
procedure. AlternativelyAPsic could also be calculated by a mean vapour
quality for the evaporation process:

L 2
AI:)fric = ftp |Ed_pEIZG‘ (7 5)
h p m

where pn is two-phase mean density using mean vapour gualit
X, =0.5(x;, + X,,,) . This method is also commonly used in pressure

drop evaluation of refrigerant evaporators (forragée, by Pierre, 1964).
As no integration is needed, this method is usuallgh simpler than the
one using locak, both in obtaining and applying the correlatioma&itpns.

In the current study, both approaches using locad meanx are
investigated, with the latter found to have betgreement with the
experimental data.

2. Definition of the two-phase Reynolds numbegRe
The two-phase Reynolds number is defined simplthbyequation

Gd,
Hyp

Re, =

tp

(7. 6)

Because of the free and flexible choice of the plase viscosityy, at
least five definitions of Rg are available, namely withy, being the
viscosity of liquid phase, the vapour phase, aedlinee definitions given
by Equations (2.52 a) thought (2.52 c). In the eniristudy, the Dukler et
al. definition (Equation 2.52 c) of the two-phasscesity gives the best
fit to the experimental data, for both methods gsiacal and mean
vapour qualities.

For R134a and R507A data, the following correlatiwwas obtained using the
homogeneous model with mean vapour quality:
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_ 3.81x 10 [Fy

p 0.16
Re. 09 Ps
i
p Py

(7.7)

where
Re, =Gd, /u,,.

|
Py Ps
P =[ X! Py +(1-X,) /,of]_l.
X = 0.5( X, + Xg)
Fr, tis a geometrical parameter catering for diffexdrevron angles:
Fr(=0.18R*- 0.27R+ 1.10R=8 /3

The correlation given by Equation (7.7) for the {plmase friction factor is

plotted against the two-phase Reynolds number gargi 7.3. It is seen that the
correlation agrees well with the experimental data, discrepancy is greater at
low Reynolds numbers, this might be explained lgytitgher percentage error of
the experimental frictional pressure drop at loalrates. The calculated two-
phase frictional pressure drdyPsic using Equation (7.7) is compared with the
experimental data in Figure 7.4. For this correlati75.2% of the data fall within
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T G, =10.7 - 31.4 kg/(m’s) O R134a, B=28°
904  x,=024-095 O R134a, = 28°/60°
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LL 60 — correlation
“3.\ i
o i
~~ 40
= i
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20 —
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Re

tp

Figure 7.3: Calculatefy, versus Rg compared with experimental data

162



20

R134a, 8= 28° +20%
R134a, = 44°
R134a, 8= 60°
R507A, B = 28°
R507A, B = 44°
R507A, B = 60°

+10%

-20%

» m e D> O O

10 —

AP,.., by correlation (homogeneous), kPa
o

G, =10.7 - 31.4 kg/(m’s)
X,, = 0.24 - 0.95
T, =59-130°C

No. of channels = 12
2
T T T T T T T I

2 3 4 5 6 7 8 9 10 20

AP, , by experimental data, kPa

Figure 7.4: Comparison of predictions APg;c using the homogeneous
model with experimental data

10% deviation bands, and 98.1% within 20% devimtimnds. The mean
absolute error is 6.7%.

It is to be noticed that the data set for the ifsital pressure drop is not exactly
the same as that used for the boiling heat transbefficient. As described
previously in this chapter, the differential pragstransmitter gave readings close
to zero or even negative magnitudes on a few oaeasvith very low flow rates,
due to the existence of the liquid leg in the fagdine. Those data were believed
to have higher measurement errors and eliminatethis analysis. Even though
the pressure drop could, theoretically, be deteethiby the subtraction of the
readings from the two static pressure transmitterated at the evaporator inlet
and outlet, this method brings higher uncertaimtg aconsistency of the results,
and is not used.

The obtained correlation covers R134a and R507 Ahiconditions specified by
Table 7.2. Application of the correlation to othesfrigerants could not be
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evaluated as no such data are available in theatiilee for a validation. Also,
comparisons of the current correlation with exigtomes could not be carried out
on any fair basis as those correlations (some teelemes are given in Table 2.7)
were developed for different refrigerants, evapmrgeometry, and various flow
conditions. None of those has claimed applicabibgyond its tested range.
Nevertheless, a qualitative comparison is made dxtwhe current one and those
by Yan and Lin (1999) and Jokar et al.(2006). Bib#se other correlations were
developed for R134a and for chevron angle of 60fd &oth employ the
homogeneous theory, but different forms and compisngre used expressing the
friction factor. For the comparison to be possiklane parameters have to be set.
The comparison is shown in Figure 7.5, with thagltgometry, fluid properties
and vapour quality set as according to the cugperimental conditions, arig

is plotted versus liquid-only Reynolds number ;,Ré& the correlations’
application range. It is seen that the Jokar et@kelation, which was obtained
from DX evaporators with more than 30 plates, agmeasonably well with the
current correlation. The Yan and Lin correlatiorhieth was obtained for flow in
a single channel and & = 55 and 70 kg/(As) only, gives much higher
predictions offy, than the other two, especially at low Re. Calcotet showed
that this correlation is unsuitable to represeatdirrent data.

40

current correlation

7 ----Yanand Lin, 1999

' - Jokar et al., 2006

for R134a

4 \ atT_=8°Candx =04

\ £=60° b=2mm, p=1.14

I i I i I i I i I i
200 400 600 800 1000 1200

Figure 7.5: Comparison of the predicfgdoy the current correlation with
that by Yan and Lin (1999) and Jokar et al. (20&8)elation
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7.3.2 Correlation using the Lockhart-Martinelli Method

The Lockhart-Martinelli method using the ChisholionstantC is investigated
here for its ability of to predict the experimendaita. As this method is based on
adiabatic flow, the application of the method fefrigerant evaporator pressure
drop calculation requires:

1. Local values ofx. x is assumed to increase linearly along the channel
length z from inlet to outlet. This assumption is only sty correct at
uniform heat flux conditions but nevertheless hasrbcommonly used
for all types of refrigerant evaporators,

2. The total pressure drop to be calculated by stepwsegration of
pressure gradients obtained at local

The central part of this method is to find the eabf C at localx, and the total

frictional pressure drop is then calculated usimgdions (6.19) through (6.23).
C is a constant for turbulent flow in convention@bgs, but has been reported
with different values in a rather wide range forahatic and also phase-changing
flow in PHE channels, as reviewed in Section 2.08.those, some reported

500

G, =10.7 - 31.4 kg/(m’s) O R134a p=28°
. X =0.24-0.95 O R134a, g=28°/60°

out ) ) 5
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7 Ao  R5B07A, p=60°

correlation

C by experimental data
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0.60
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Figure 7.6: Chisholm paramet€rversus liquid-only Reynolds number
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fixed values ofC, and some reported as a function of the Reynolds number, or
in other forms. In this study, the experimentabdatr R134a and R507A showed
that C varies with the mass flug, and can be correlated with either the liquid-
only or the vapour-only Reynolds number {Rer Rego). Figure 7.6 show€
versus the liquid-only Reynolds number:Rfer the heat exchanger§.is also
found to be dependent on the chevron angle, whia fot been reported
previously in the literature. Based on the expentake data, the following
correlation is obtained:

6
C= 110 (7. 8)

[Refo [Q,Of I )} "

whereRe,, =Gd,, /u; is the liquid-only Reynolds number,
Fr, cis a geometrical parameter catering for diffeidevron angles:
Frc= 0.095R*- 0.11R+ 1.07R=5 /3!
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Figure 7.7: Comparison of predictions &Psi. using Lockhart-Matrtinelli
method with the experimental data
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The calculated frictional pressure drpsic using Equation (7.8) is compared
with the experimental data, as given in Figure This correlation agrees well
with the experimental data; 93.7% of the dataiathin 10% deviation bands,
and 100% within 20% deviation bands. The meanlateserror is 4.2%.

Calculation of the total pressure drop using thisthmad requires a stepwise
integration of the local pressure gradients. Taiggually done numerically with
the aid of computer programs, and can be inconwerigg@ quick engineering

calculations. It is to be noted that applicationtims correlation could not be
performed using mean vapour qualky (to avoid the integration procedure),
because doing so can result in errors as high @%o;+ds verified with the present
data.

Table 7.3 Comparison values of the Chisholm parameter @partec
by different authors

Author Fluid B,

G, -
degrees X kg/(n?s) C Description
28/28, _ Liquid-
Current study Eég‘?li 28/60, 0-0.95 10.7-31.4 C=1f(Re,), overfeed
60/60 28.8-280  eyaporator
Kumar (1983) - - - - ~5.4-82 ;Ozdoegi‘?‘fgg’
evaporation
Thonon (1995) refrigerant - - - 8 X by tube
correlation
Winkelmann et water-air 27° 0.05-0.9 35-142 6 adiabatic
al., (1999) ' '
Tt and
; water-air  30/60, 0-1 50-600 C=f(G,X  adiabatic
Sterinhagen 60/60
(2001)
Asano et al. water-air 60 - - 2.73 adiabatic
(2004) '
Palm and .
Claesson (2006) R134a - - - 4.67 evaporation
Stermerand oo sges 0054 0595C° ! (Réw)r DX
Sunden (2006) 10-110 evaporator
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A strong dependence of the Chisholm paramé€eon the mass fluxG is
observed. This dependence was also reported bgeBtand Sunden (2006) for

data obtained from ammonia DX evaporators. Othemgo of C-g,?

relationship, such as suggested by Claesson andn&inf2003), and by Tribbe
and Muller-Steinhagen (2001), were tried but coubd be fitted to the present
data. Table 7.3 summarizes repor@dalues from some selected sources from
the literature, for a comparison of the currentrelation with those from other
authors. It is noticed that the values of the patanC vary considerably among
those investigations. The disagreement is certaialgvant to the variety of
channel geometries as tested; another possiblerreamong others, could be
due to the various means of determining the Mditip@arameterX. Many
authors have chosen to use the original definiisrgiven by Equation (2.60).
This requires single-phase pressure drop correls@gmd is the approach adopted
in this study. Some conveniently used the definitmf X for circular tubes
(Equation 2.61), for example in the correlationTyonon (1995), some simply
did not give this information. Also noticed fromethable is that the parameter
obtained from phase changing processes such asmsing and evaporating
tends to be much greater than that obtained irbati@aconditions. This might,
tentatively, be attributed to the non-physical tmeent of linear change ofalong
the channel length as commonly used for evapogatalysis, but a more detailed
explanation could not be obtained at this stage.

A Discussion of the Two Methods of Correlating thé-rictional Pressure
Drop Data

The two methods employed in the present study @oretating the frictional
pressure drop data both provide good agreementtigtidata, with the Lockhart-
Martinelli method predicting the data to some ektsiter than the homogeneous
method. However, it is likely that the homogenousdel is more physically
sound for predicting the two-phase pressure dro@PHE channels for the
following reasons:

1. The channel geometry is highly three-dimensionaliciwvhpromotes
turbulence and mixing of the two phases to be “hgeneous”,

2. The flow is in the vertical direction, which prevsrstratification of the
two phases.

Yan and Lin (1999) observed, via flow visualizatibor R134a atG = 55
kg/(m?s), x» = 0.15 and higher, that a turbulent mist flow doatéud in the
channel with strong recirculation in each dentiagity on the channel wall. This
observation suggests a homogeneous flow pattetheircorrugated channel. It
could be argued that in PHE evaporators the magsdiusually low (lower than
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31.4 kg/nfs in the current study, lower than 9.5 k&nin Sterner and Sunden’s
(2006) study on several ammonia evaporators) amdlde flow rates the
homogeneous model is usually considered not seitdbls is true at least for
conventional ducts with uniform cross-section. @blm (1983) and also Thome
(2004 b) pointed out that the homogeneous modelsgigasonable results only at
high mass fluxes exceeding 2000 kg&infor tube flow . This criterion can not
be applied directly to PHE’s considering their w&qgchannel geometry. It is
known that the flow is usually turbulent at evemywlw Reynolds numbers in
corrugated channels. Along with the generation ayjour and the strong inter-
phase effects associated with swirling motion o fluids and continuous
change in flow direction and velocity, it is notraasonable to assume that the
flow is homogeneous at least for the upper pathefchannel. The discussion of
two-phase flow features in this type of channdl sgmains open awaiting further
data and observations.

The correlations developed are both satisfactorgrésent the present data. In
application, the correlation using the homogenemethod (Equation 7.7) is
simple and straightforward, while the correlatiosing the Lockhart-Martinelli
method (Equation 7.8) requires an integration place. It is to be noted that the
equation forms and associated constants of botelations, as for the two-phase
friction factorfy, and the Chisholm paramet@r were obtained using and heavily
rely on, regression analysis. As such, it wouléppropriate to regard the current
correlations more as a statistical and empiricgragch than flow model based
analysis.

7.4 Conclusion

Based on the experimental and field testing dataetations were developed for
predicting the thermal and hydraulic performancésPBIE liquid over-feed
evaporators. Two correlations were obtained fodisteng the refrigerant flow
boiling heat transfer coefficiefiit, one of these reflecting the generally accepted
h-q relationship in pool boiling with the exponentgbeing 0.67, the other one
having all its constants and components determinyerkegression analysis, with
the exponent ofl being 0.56. Both of these correlations reflecueal@ate boiling
dominant process, in which the mass flux and vapquality have a small
influence on the heat transfer coefficient. The mehbsolute errors of these two
correlations are respectively 7.3% and 6.8%, coptparith the 222 data points
covering R134a, R507A, ammonia and R12. For twcsehactional pressure
drop, data were correlated with two established howd, namely the
homogeneous and the Lockhart-Martinelli method. THoenogeneous model
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shows a slightly higher discrepancy with the expental data but is likely to be

more physically sound for PHE evaporators, and ushmsimpler to apply. The

mean absolute errors are respectively 6.7% and fbR#*ese correlations, based
on 206 data points covering R134a and R507A.

All obtained correlations are accurate for theaestefrigerants and evaporator
working conditions. Validation of these correlagowith other data has been
difficult due to the lack of published informatioRor other refrigerants running
at comparable conditions, these correlations cealde as a guide, while more
accurate design or evaluation may still need tbdsed on further testing data.

170



CHAPTER 8

CONCLUSIONS AND RECOMMENDATIONS

8.1 Conclusions

The primary objective of this study was the perfante assessment of plate heat
exchangers used as refrigerant liquid over-feedp@redors. To this aim,
experimental data were obtained from single-phas®pnance tests with water,
two-phase evaporator performance tests with R13¢aRb607, and additional
field tests with ammonia and R12. Reduction, angly@nd correlating of these
data were carried out and presented in relatedtefsapA summary of the
conclusions drawn from those chapters is given  haleng with additional
remarks on developing empirical correlations.

Experimental results of the exchanger single-phager-water performance tests
clearly showed that chevron angle has a strongienfte on the water heat
transfer rate and frictional pressure drop. Higlerall heat transfer coefficients
and high friction factors were observed. Correlaiovere derived for the heat
transfer coefficient using the familiar Sieder-Td{gpe of equation, and for

friction factor expressed as a function of the Régs number. A collection of

some published correlations were accessed and cethpath the experimental

data, some of those fit reasonably well with thead&lowever, in general, the
disagreement between those correlations is ratiggr, kwvhich indicates that a

general correlation might be difficult to achiewie to the highly complex and
flexible geometrical features of PHE's.

For the evaporator performance tests, the same B units were arranged in
parallel but operated and tested individually apiiti over-feed evaporators.
Experimental data were obtained for the heat tearesfid pressure drop analysis.
Two refrigerants were used, namely R134a and R50T&. heat transfer data
suggested a nucleate boiling-dominant process én eaporators. For both
refrigerants in the test range, the heat transéefficient h showed a strong
dependence on the heat flgxand weakly on mass flu&, vapour qualityk, and
the chevron anglg. On the other hand, the two-phase frictional presslrop of
the refrigerants showed strong dependence on rhasarid vapour quality, and
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increased with higher chevron angles. The frictigor@ssure losses with both
refrigerants were observed to increase almostiineadth the homogenous two-
phase kinetic energy per unit volume. Based on ekgerimental data, two
empirical correlations were developed for predigtihe refrigerant flow boiling

heat transfer coefficients covering refrigerants3&d, R507A, ammonia, and
R12 data. These two correlations are given by Egomt(7.1) and (7.2) and are
reproduced as follows:

Correlation 1:

h d d 0.67 | d 2 0.42 -0.10
Nu, =% =1 18¢ 10° [E—q 0 j ( 0 ] {&] PO (8.1)
Tsat af Iog

r kf

Mean absolute error 7.3% for all data. Specialhge percentage error is 6.4% for
ammonia and 11.1% for R12.

Correlation 2:

0.56 /. 0.31

i.d,’

Nu, = hi;do =1.87x 10° [E—k?ﬁo j (—Z 2 ] P 8.2)
f f

sat

Mean absolute error 6.8% for all data. Specialhge percentage error is 4.1% for
ammonia and 8.9% for R12.

The two correlations are of basically the same fonth the difference that for
Correlation 1 the exponent of the heat flux hasmbmeecially chosen as 0.67 to
reflect the commonly acceptet-q relationship in pool boiling, and for
Correlation 2 this component was found as 0.56ckvivest fits the data. Two-
phase pressure drop data of R134a and R507A warelated using two
different approaches, namely the homogeneous madel the Lockhart-
Martinelli method. These two correlations are gibgnEquations (7.7) and (7.8),
and are reproduced as:

The homogeneous model:

_ 3.81x 10 [Fg

tp 0.16 (8 3)
of P
ReIPOQO([);]

where
Re, =Gd, /u,,.
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IOg IOf
pm :[Xm/pg+(1_xm)/pf}
X = 0.5( X, + Xo)

Fr, ¢is a geometrical parameter catering for diffexdrevron angles:
Fr(=0.18R*- 0.27R+ 1.10R=8 /3

l'ltp = pm{xmﬂ-'-(l_ Xm)&}’

-1

The Mean absolute error is 6.7%.

The Lockhart-Martinelli method using Chisholm paeder:

6
c= 110 8. 4)

[Refo [Q,Of 1p, )} e

whereRe,, =Gd,, /u; is the liquid-only Reynolds number,
Fr, cis a geometrical parameter catering for diffeid@vron angles:
Frc= 0.095R*- 0.11R+ 1.07R=5 /3!

The mean absolute error is 4.2% for this corretatibhe homogeneous model
showed a slightly higher discrepancy with the ekpental data but is likely to
be more physically sound for PHE evaporators, amduch simpler to apply.

All correlations were developed with the assistanfestatistical regression
techniques, and gave satisfactory agreements hatiptesent data. Validation of
these correlations by other data has been diffiduét to the lack of published
information.

As a concluding remark, some comments could be ngivegarding the
assessment of empirical correlations. Empiricalretations contain constants
and exponents which are evaluated from experimeiatal For such a correlation,
it is possible to find values for these constamtd axponents which will give
exact agreement with arsingle experimental point, and it is also possible that
the correlation may be improved for each set o& tgtadjusting the value of the
constants. A good correlation should be able talipteeasonable results over a
wide range of conditions, and should always be dase data set which is
accurate and reliable. This has proved to be ng sk for measurements of
two-phase flow parameters. As pointed out by Duklerl. (1964) concerning
frictional pressure drop in two-phasiecular tube flow: “claims of superiority of
one correlation over another could usually be msersimply by making the
comparison for different data. It is easy to seg Wis is so when, for apparently
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similar test conditions, pressure drop data ofedéht investigators vary by 30 to
60 %”. The situation could become even worse wheores to the case of two-
phase flow in PHE corrugated channels, where gaarakparameters include
the chevron angle, corrugation depth, surface gataent factor, plate aspect
ratio, and possible usage of flow distributors nhglavith different flow channels
in individual exchangers. Of the limited numbempaoblished works, it seems that
no correlation obtained for specified equipmentfoasid applicability in another
situation. The highly complex feature of the twaapd flow, combined with
many possible patterns of channel geometry, allanakunlikely that any simple
model will account for all situations. With thisregideration, it might be true that
a “generally applicable” model can be used as ghroguide of the range of
possible pressure drops, while any serious andratecdesign may need testing
to obtain data for the specified equipment.

8.2 Suggestions for Future Work

This thesis is by no means regarded as completae $@pects of the two-phase
flow and heat transfer mechanisms in the corrugebeshnels are not addressed,
and some need further investigation. Some researeais are suggested here,
which may help to achieve a better understandirntgrofphase flows in PHE's.

A wide testing range is advantageous for experiaiénvestigations, especially
so if the aim is to obtain empirical correlationghmvide applicability. In the
current study the tested ranges of the evaporabea flux and mass flow rates
were typical for PHE evaporators but were stillatidely small. It would be
desirable to expand this testing range to covereatgr spectrum. The easiest
way of carrying out this work with the current fiitgiis to replace the PHE units
with smaller sizes. There is no information avd#athat describes the possible
operating limits of PHE evaporators in terms ofstadwo parameters, but a heat
flux up to 20 kW/mM and mass flux up to 100 kgfntould be a first and
reasonable estimation, and shoukld be considerddtiore works.

Flow visualization of two-phase flow in PHE charsi a topic rarely addressed
and the two-phase flow patterns in this type of ncleh are very poorly
understood. The purpose of flow visualization islain qualitative information
of the flow, based on which two-phase flow pattecnsld be identified. Even
though the identification of flow patterns is alvgagssociated with subjective
judgments, it is believed (Thome, 2002) that thst l@@proaches for modelling
two-phase heat transfer and pressure drops are thased on flow pattern
analysis. Two-phase flow patterns in conventiongég are well investigated and
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documented, but this is not so for PHE’s or simdarrugated channels. Two-
phase flow visualization investigations for PHE mhas (such as by

Vlasogiannis et al, 2002, Shiomi et al, 2004) hadmoused transparent materials
as a cover plate, and the obtained pictures werayal vague and blurry because
of metal reflection (this is a problem not suffetgdinvestigations on pipe flows).
This is an interesting topic but a successful itigaion may need some novel
design of the experimental facility.

The performance of PHE direct-expansion evaporason®t investigated in this
study, though some experimental observations anttlgsions from other
researchers are discussed at certain points. DEoea#®rs are more commonly
employed in small installations for example donesgat pumps. At least two
aspects need some consideration which are nogasicant in liquid over-feed
systems, these being the partition of the evapoeatoording to the flow pattern
(two- and single-phase zones, or in other wordaperation and superheating
zones) and flow distribution for multi-channel wiThese are briefly discussed
in Section 2.7.2. It is possible to estimate thieat$ of these parameters by
overall measurement and system analysis, a morfeymd investigation may
need the help of other techniques, for example,Tih@ (thermochromic liquid
crystal) technique for determining regions of a [@Xaporator as used by
Claesson and Palm (1999), and evaporator inclindtioevaluating the influence
of flow distribution between channels as used bgz@rski (1995).

8.3 Suggestions on Experimental Facility Design

There are certain criteria for evaluating an experital facility, those including
functionability, reliability, and flexibility. A god design must certainly be based
on a deep understanding of the problem at hand, camd be improved by
experience. The suggestions given here addresgemaint evaporator tests as
carried out in this study, but some general feat@so apply to other types of
heat transfer equipment.

For a fixed evaporator operating with a certaimigefant, assume that the heat
transfer coefficienh is a function of the heat flug, mass fluxG, vapour quality
X, and the system pressuie The aim of the experimentation is to find the
influence of those parameters dn g can be controlled by two factors: the
evaporating temperature and the condensing temyerafThe evaporating
temperature can be controlled by a back pressgndater installed upstream of
the compressor; while this device was installedh@a current equipment, the
control was not effective. For an air-cooled cors#gn the condensing
temperature can be controlled by regulating theflaw rate, this proved very
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effective in the current study, and can be achielbgdany of the following
methods: (1). speed control of one or more vartapked fans, (2). operation of
multiple fixed-speed fans, (3). use of dampers.

For liquid over-feed evaporators, the mass flove f&tis to be controlled by a
liquid pump with by-passing arrangements. It isafw preferable to use a by-
passing arrangement for flow rate control rathanthsing a single valve in the
main line, and this applies also to water flow cohtThis arrangement requires
two valves, one on the main line and one on th@dss line, and usually gives
far more stable flows over a wide range. To use dniangement, the pump must
be sufficiently large, say capable of 1.5 times thaximum test flow rate.
Furthermore, it is preferable to install the maimel regulating valve on the
evaporator return line rather than on the feed lifies is because the refrigerant
liquid in the feed line is at or very close to sation, and a sharp pressure drop
across the valve may result in liquid flashing,taation to be avoided. For DX
evaporators, the mass flow raas controlled by thermal-expansion valves. It is
preferable to use hand valves rather than autoatigticontrolled valves for
testing purposes.

The evaporator inlet vapour qualitg, can be controlled using a pre-heater
upstream of the test evaporator, and calculateth freeasurements of the heat
load of the pre-heater. The evaporator exit vamuality X, is determined by
the cooling load of the evaporator. From the evajwor heat balance, i.e.,

Q= MmOy, [AX, whereQ is a measure af andrm a measure dg, it is clear that

the three variables af, G, andAx are coupled parameters, and it is not possible
to investigate the individual influence of any oparameter onh without
involving one or both of the other two paramet&®se option, as performed in
this study, is to run the evaporator at fixed Haates, and for each heat flux
change the flow rates which correspondingly deteetik. This has the effect of
treating g and the product ofm[Ax as two groups, arranged with the
consideration that is considered as a measure of the nucleate baffiegt, and

G andx are both measures of forced convection effectdlow boiling heat
transfer.
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Appendix A Plate

Geometrical Information

Details of the three brazed plate heat exchangergigen in this section. All
geometrical parameters were double checked andricmd, in addition to the

information supplied by the

manufacturer, and mayregarded as accurate.

Dimensions of the unit (outside) are given in FegArl.

188 59
‘92—1 69‘?‘_’
o & | e
S ® 23 (Connection nozzle ID)
@ 32 (Connection nozzle OD)
@ 53 (Corrugated plate port)
615 519 466
P -
©r ®) Bl
Unit: mm
Figure A.1: BPHE B3-095-24-30 Unit dimensions

Plate Geometrical Parameters

Number of plates:

Number of effective plates:
Number of channels:

Plate port diameter:

Mean flow channel gap:
Heat transfer area per plate:

Plate thickness:

Np =24

N e = Np—2= 22

Nep = Np—].: 23, Q1-Q2 side: 12, Q3-Q4: 11
D, =53 mm

b=2 mm

A, =0.095 m” (by manufacturer)

5=0.4 mnmt

! The manufacturer has givdm=2 mm andd =0.4mm. This was double-checked by the
following measurements: Use a tape measure anairatio the port hole, take the average of
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Vy, =0.2011 (103m?) *
30 bar

-196 to 200 °C
L,=519 mm (by manufacturer, confirmed by

Volume per channel:

Design pressure:
Design temperature:
Port to port channel length:

measurement)

Effective channel length: Lo =466 mm

Width of flow channel: w=180 mm (by manufacturer, confirmed by
measurement)

Chevron angle: H =60, L = 27.5 degrées

Corrugation wavelength: A=8.1mn’

Enlargement factor: p=1.14"

readings from different ports. It is thus obtairkedt 24 plates have a thickness of 57.5 mm, and
so one plate i$7.5/24= 2.396 mr. By using a micrometer, the plate thickness isinled as

0.39 mm. The mean channel gap is thus 2.006 mnauecof the small deviations, the values
provided by the manufacturer are taken.

! The manufacturer has given the channel volume.25 |, however, this value is apparently
wrong, the unit dimension simply can not give thisich volume. According to the plate
dimension, the theoretical maximum volume one chbhoan possibly have is:

[607x 180- 88 (+Z jx 2 215200 miw  0.215:

It is obtained from the manufacturer that B3-09%imilar to the Alfa-Laval AC 120, which
again from Alfa-Laval's catalogue has a channelrw of 0.201 I. A test was carried out on
the three units; water was filled into the PHE afes to find the side volumes. Three repeated
tests were done on each channel, the result shows:

BPHE Si_de volume, ml _
Q1-Q2 side Q3-Q4 side

B3-095-24-H 2185 2350

B3-095-24-L 2200 2350

B3-095-24-M 2310 2180

Considering that some air might be trapped in coting junctions, the maximum volume of
the three is taken as the final result for sideirad of each exchanger. Note that the two sides
have a number of channels of 11 and 12. Thus, ffemntest on B3-095-24-L, 11 channels
have a volume of 2200 ml, and the channel voluntbda 0.200 . It is reasonable to believe
that the Alfa-Laval AC120 channel volume is appieato present units, i.e., 0.201 I/ channel.

(A correspondence with the manufacturer later cordd that the channel volume is indeed
0.21)

The manufacturer gave those values. The measunteomethe plate top view photos shows
slight difference, where the high chevron anglé&s5, and the low chevron angle is 27.4
degrees.

Measurements were taken on two types of plates,the high and low chevron angle plates,
respectively. The result shows that the high aptdée has a corrugation wave length of 8.133
mm, while the low angle one has a wave length @8 .mm. Taking the average and rounding
off, the value is 8.1 mm.
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Single channel flow area: Ay, =wb=0.18x 2x 10° = 3.& 10" m?
Channel equivalent diameter:d, =2b=2x 2= 4 mm

Channel hydraulic diameter: d, =2b/@=2x2/1.14= 3.5 mm
Total heat transfer area: A= AyareNp e =0.095¢ 22= 2.0t

developed lengtl
projected lengtt’
and the corrugation depth. Martin (1996) suggestau equation to estimatd :

¢’~*%(1+\/1+X2 + /1 X2 /2) , where X = b/ A,

p is defined asp= The value ofp is a function of the corrugation pitch

For the present plate =2x3.142/8.E 0.77, and thus :

¢=%(1+\/1+ X2+ &1+ X2 /2) = 1.13¢

A further check of the value can be carried outhgghe following equation (Kakac and Liu,
2002):

— 'Ab|ate — 0095 :1133

Y LW 0.466¢ 0.18
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Appendix B Sensor Technical Data and Wire
Connections

This section gives details of the technical dathwime connections, for the 14
sensors that have been used in the present study.

B.1 LM35DZ Temperature Sensors

Model: LM35 DZ
Manufacturer: National Semiconductors (USA)
Quantity used: 4

Technical Specifications:

Operating temperature range: 0 — 100 °C

Power supply: 4 to 30 VDC (use 9 V)

Signal output: linear +10 mV/°C.

Accuracy: £0.6°C at 25 °C, £0.9°C at 0 and 100 °C.

Nonlinearity: £ 0.2 °C
(Nonlinearity is defined as the deviation of theépui-voltage-versus-
temperature curve from the best-fit straight line)

Wire Connection

Sensor bottom view

Signal VDC — X?gov

Figure B.1: Wire connection of LM35DZ

B.2 RS 257-026 Turbine Flow Meter

Model: RS 257-026 turbine flow meter
Manufacturer: RS Components, Ltd. (UK)
Quantity used: 2
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Field Calibration

The unit is supplied factory calibrated to 4 — 1/0@n but may be field calibrated
to have a maximum Flowrate of 150 I/min. The calilum shall be carried out as
follows:
1. Set system to zero flow and connect a multimetewden terminals, adjust
zero pot to read 4 mA on meter.
2. Set system to full flow (maximum = 150 |/min) withultimeter sill
connected, adjust span pot to read 20 mA on meter.

Technical Specifications

Power supply: 24 VDC

Signal output: 4-20 mA

Flowrate range: 2 — 100 I/min

Maximum working pressure: 10 bar Oil/Water
Working temperature: 5 - 60 °C water
Accuracy: 2 %

Wire Connection
Signal VDC

)

| —
al I

Load resistor —

(Green) o B

+—T— 24V

]

(Red) (Blue)

Figure B.2: Wire connection of RS257-026 turbirewimeter

B.3 Rosemount 3051 CD Differential Pressure Transrer

Model: 3051CD
Manufacturer: Rosemount Inc. (USA)
Quantity used: 1

Technical Specifications
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Power supply: 10.5-55 VDC (use 24)

Signal output: VDC 4 - 20 mA, linear with processgsure. Square root output

optional.

Working range (factory calibrated): 0 to 80 kPa

Maximum working pressure: 250 bar

Accuracy: £0.10% of span. For spans less than PURh (Upper Range Limit),
accuracy = #0.05% of URL.

Wire Connection

Signal current, 4 - 20 mA

+_ 1 VDC
_ 10.5-55V
Load resistor T
A —
| S|
+ —
Signal VDC

Figure B.3: Wire connection of Rosemount 3051 Ci gressure transmitter

B.4 Resistance Temperature Detectors (RTD’s)

Four RTD’s are used in the refrigeration system t#shose three are the RTXL
model and one is the TCL model.

B.4.1 Pyrotec RTXL RTD’s

Model: RTXL
Manufacturer: Pyrotec
Quantity used: 3

Technical Specifications

Power supply: 24 VDC

Signal output: 4-20 mA

Working range: 0-100 °C for 1 sensor, 0-200 °CX@ensors

Accuracy: £0.1% of span

Wire Connection
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Signal VDC
_|_

Signal current, 4 - 20 mA

=

Load resistor
+
I

VDC 24V

Figure B.4: Wire connection of Pyrotec RTXL RTD

B.41 TCLRTD’s

Model: TCL

Manufacturer: Temperature Control, Johannesburg
Quantity used: 1

Technical Specifications

Power supply: 24 VDC

Signal output: 4-20 mA

Working range: 0-100 °C
Accuracy: £0.1% of span

Wire Connections

See Figure B.4.

B.5 WIKA Static Pressure Transmitters

Model: WIKA 891.13.500
Manufacturer: WIKA Alexander Wiegand GMBH & Co. (faeany)
Quantity used: 2

Technical Specifications

Power supply: VDC 10 - 30V
Signal output: 4 — 20 mA
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Working range: 0 — 10 bar
Linearity error:< 0.5% of span
Hysteresis errors 0.1% of span
Repeatability error< 0.05% of span

Wire Connection

(Blue)
El L + vbc
13 o — _ 10-30V
2
(Green) | oad resistor
A —
[ [
+ —
Signal VDC

Figure B.5: Wire connection of WIKA pressure trartsen

B.6 Trimec MP15S Flowmeter

This flowmeter gives frequency signal, this signeéd to be converted to current
signal for the data acquisition system processinfrequency-current converter
is used Specifications of the two apparatus and aennections are given.

B.6.1 Trimec MP15S Flowmeter

Model: MP15S 221-1 multi-pulse positive displacebfewmeter
Manufacturer: Trimec Industries (Australia)
Quantity used: 1

Technical Specifications:

Power input: 8 — 24 VDC maximum, 100 mA current imaxm. Resistor of 500
Q may be placed.

Signal output: frequency (pulse)

Flowrate range: 0.17 — 7.5 I/min

Maximum working pressure: 100 bar

Working temperature: -40 - 60 °C

Pulse output resolution: 200 pulse/ liter

Accuracy: = 0.5% of reading
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Repeatability: typically + 0.03%
Pulses/liter: Reed switch 1: 204.26, Reed switch08.52, Hall effect: 408.52
(as given by the calibration certificate)

B.6.2 Frequency to Current Converter

Model: 1100P
Manufacturer: 1Q Instruments cc. (South Africa)
Quantity used: 1

Technical Specifications
Power supply: 230V 50HZ
Signal input: VDC 0-60 HZ

Signal output: VDC 0-20 mA
Accuracy: 0.25% of span

B.6.3 Wire Connection

Frenque ncy sign al,
0-60 Hz

Reed
switch 2 Current signal,

C&/(P 4-20 mA
Q‘/? OC\?_VC[?(: +JL

Reed
switch 1

Frequency t o Curre nt

Trimec 15 S flowmeter Converter

(Blue) (Red)

|+ Power:
VDC 5-24V

— (Use 12 V)

Figure B.6: Wire connection of Trimec MP15S andftieguency-current
converter

Load re sistor

+ Power
Signal VDC ADC 230V, 50 Hz
to data acquisition (Normal power supply)
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Appendix C Sensor Calibration

C.1l Temperature Sensors
C.1.1 Reference Mercury Thermometer
C.1.2 LM35DZ Sensors
C.1.3 Resistance Temperature Detectors (RTD’s)
C.2 RS 257-026 Turbine Flow Meters
C3 Trimec MP15S Flowmeter
(o] Rosemount 3051 CD Differential Pressure Transmitter
C5 WIKA Static Pressure Transmitters

C.1 Temperature Sensors

The Temperature sensors were calibrated againstefarence mercury
thermometer, which was calibrated first to be #fenence thermometer.

C.1.1 Reference Mercury Thermometer

The mercury thermometer has a minimum reading bQ. First ice was filled
into a 2-liter container to % of its volume, thentainer was then stirred for about
1 minute and the thermometer was inserted intd#tk water, the thermometer
read 0.0 degrees. Then about 60 litres of tap waser filled into a bin and
brought to boiling, the thermometer was compleiaiynersed into the boiling
water for more than 10 minutes, and the reading 839 degrees. The
calibration of the mercury thermometer was caroatlon 23/09/2008, between
11-12 am, when the laboratory barometer read:

time Barometer reading, kPa Corresponding BB, °C
11.00 am 827.0 94.34
12.45 am 824.9 94.26

! According to ASHRAE Handbook 2005 Fundamentals bihiéing point of water is:

Pressure, kPa Boiling point, °C
701.8 90
846.1 95

From the above table, it is obtained by interpolati T = 0.034653 + 65.6!.
The equation means that 2.886 kPa of pressurerdfiffe will result in 0.1 °C change of
boiling point.
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Taking the boiling point as 94.3 °C, the thermometederestimated the
temperature by 0.4 °C at 94.3 °C, and was accatdledegrees. Considering the
mercury thermometer to be a linear device, a cbaeequation is obtained:

Tactual =1.004T reading (C.1)

C.1.2 LM35DZ Sensors

A well- insulated 2-litre flask was used as thelrakor. The temperature sensors
and the mercury thermometer were put into the flalskgside each other for
each temperature setting (using ice or boiling wate adjust the water

temperature in the flask). 16 readings were takethe temperature range of
18.3-63.6 °C (covers the testing temperature rangf@yting from the lowest

value, rising to the maximum, and dropping to thedst.

Calibration Curve The calibration data is plotted to obtain a fittedve, the
result is shown in Figure C.1 and Table C.2.

Tl T2

o O 3
= = 20
10
0 — — — ‘ 0 w T
0 01 02 03 04 05 06 0.7 0 01 02 03 04 05 06 0.7
readings, V readings, V
T3 T4

T,C

0 01 02 03 04 05 06 0.7 0 01 02 03 04 05 06 0.7
readings, V readings, V

Figure C.1: Linear fitting for the four LM35DZ seors calibration data

Table C.1: Calibration fitted curve

LM35DZ sensors calibration equation ( \iny in °C):

sensor fitting RMSE? C Rsquar
T1 y=100.8%- 0.0270, 0.0289, 0.9999¢
T3 y=100.8- 0.0369, 0.0271, 0.9999¢
T2 y=100.9%+ 0.0985, 0.0297, 0.9999¢
T4  y=100.84- 00665, 0.0282, 0.999991
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C.1.3 Resistance Temperature Detectors (RTD’s)

The four RTD’s were calibrated against the refeeemercury thermometer. The
RTD sensors and the mercury thermometer were puot fime 2-litre flask
alongside each other for each temperature settisind ice or boiling water to
adjust the water temperature in the flask). 17 iregd were taken in the
temperature range of 0 to 60 °C (covers the taspéeature range needed),
arranged in a sequence starting from the lowesteyaising up to highest, and
dropping to the lowest. Calibration apparatus imfation is given as following:

Sensor power supply: 24 VDC
Sensor signal output: 4-20 mA

Load resistor: 47.0 ohm for all sensors

Calibration Curve Best fitting curves were obtained for the RTD sessas
shown in Figure C.2 and Table C.2.

RTD 1 RTD 2

£ 30
= 20
10
0 A 4 T T !
-10 % 0.2 0.4 0.6 0.8
reading,V reading,V
RTD 3 RTD 4
o 70

£ 30 P a0
= 20 F 20
10 10
0 T i T T 1 0 i T T 1
-10 J) 0.1 0.2 0.3 0.4 0.5 -10 l? -~ 0L 02 03 04 05
reading,V reading,V

Figure C.2: Calibration curve of RTD sensors

Table C.2: Calibration equation of the four RTD smns
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RTD curve fitting equationx( in Volts; i C)

sensor fitting RMSE? C Rsquar
RTD1 y=133.0x- 25.1524, 0.0257, 0.9999!
RTD 2 y=133.9%- 25.1882, 0.0200, 0.9999¢
RTD 3 y=268.36- 50.6932, 0.0328, 0.9999!
RTD 4 y=268.36- 50.6793, 0.0286, 0.9999¢

C.2 RS 257-026 Turbine Flow Meters

Two identical flowmeters, termed as flowmeter 1 @navere calibrated with the

same procedure. Water from the flowmeters was delein a bin up to a

marking line, and then put onto a mechanical staleveigh. The calibration

started with maximum flow (about 1.1l/s), then flovas dropped by steps to a
minimum flow (about 0.22 |I/s). The flow was therusbff and raised up again to
repeat the previous points. 17 points were taketoial for each flowmeter.

Calibration apparatus information is:.

Mechanical scale minimum reading: 100 g
Water temperature: 17 °C

Water density: 998.7 kgfin

Sensor power supply: 24 VDC

Sensor signal output: 40-20 mA

Load resistor: 46.8 ohm for flowmeter 1, 46.9 olamffowmeter 2

Calibration Curve Best fitting curves were obtained for the two floeters;
see Figure C.3 for the calibration curve and Td&hl& for the fitted equation. It
can be found that power law curves have a bettergigoodness, and it was then
decided that for flow rates inside the calibrattange, power law fitting curve is
to be used, for flow rates beyond that, lineamfittcurve was to be used, because
the flow meter is designed as a linear output devic

Flowmeter 1 calibration Flowmeter 2 calibration
1.2
11 . i1 .
1+ - g - i N
o 09t -—- - e w 09 °
@ g T TTITTTTTTC ” g
G 07— e L Y G it
g 06f-——-———- - o g 08 e
s 05 o N L
S0 e g o3 .
a5 ° 02+~ —————~ e
0l 4 - - - — e __. 0.1
0 . ‘ ‘ ‘ ‘ ‘ ‘ 0 * ; ; ; ; ; ‘
0 01 02 03 04 05 06 07 08 0 01 02 03 04 05 06 07 08
Reading, V Reading, V
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Figure C.3: Flowmeter calibration curve

Table C.3: Calibration equation of the two RS flogtars

Calibration curve equatiom,in V, yin I/s

fitting equation RMSE, I/s R-square

Linear y=2.219%~- 0.437: 0.00591¢ | 0.9997
Flowmeter 1

Power-law | y=2.18&"!- 0.352 0.00151 1

Linear y=2.17x- 0.432° 0.00674¢ | 0.9996
Flowmeter 2

Power-law | y=2.137"%%- 0.349¢ | 0.00391¢ | 0.999¢

C.3 Trimec MP15S Flowmeter

The Trimec MP15S multipulse flowmeter was calibdatasing water. A
frequency to current converter was connected to filnemeter for the data
acquisition system. Because the pump had a capatiigh is too big for the
flowmeter, a by-pass arrangement was made andavenkter was positioned in
the main line. Centrifugal pumps operate in a aentange of flow rates, below
that vibration and flow fluctuation occur. If a aélely small stable flow is
required from a big capacity pump, a by-pass aearemnt is necessary because it
allows free adjustment of flow in the main line ot much effect on the pump
overall flow rate. Two valves were thus needed, fonghe mainline and one for
the by-pass line. Flow rates were controlled stgrfrom 2.2 I/min, rising up to
8.4 I/min, then dropping down back to 0 I/min, ¥adings were taken. Water
from the flowmeters was collected by a bucket up toarking line, and then put
onto a mechanical scale to weigh. Apparatus waasset

Water temperature: 18.6 °C

Minimum reading of scale: 50 g

Flowmeter power supply: 12 VDC

Flowmeter signal output: frequency 0-60 HZ
Frequency to current converter signal output: 4¥Z0

Load resistor: 46.8 ohm

Calibration Curve Calibration curves of the linear and power-law tgpe
obtained for the two sensors; the result is showFigure C.4 and Table C.4.
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Trimec calibration curve

L]
g BT .« -
() A ____ e
= 6
EE 4 o *
ERl ®
S 2+--—-—-—-—- o
O e\ T T T 1
0 0.2 0.4 0.6 0.8 1
reading, v

Figure C.4: Calibration curve of Trimec MP15S floeter

Table C.4: Calibration equation of Trimec MP15S

Trimec MP15S curve fitting equatior, in Volts, limin

equation RSME, I/min  R-squa
linear y=12.34%- 2.377 0.03357 0.999¢
power-law y= 12.12%%¢- 2061 0.01715 1

C.4 Rosemount 3051 CD Differential Pressure
Transmitter

Two rubber tubes with inside diameter of 4 mm weenected to the transmitter.
The low-side tube had a water head of approximé&ey mm, and was attached
to a wall and kept constant during the calibratibime high-side tube had a length
of approximately 10 metres, one end of this tubas wmoved up with an interval

of 1 m against a tape measure, up to 7.5 m (lastement was 0.5 m), and

moved down in the same steps. 17 readings were.t&kalibration apparatus

was set as:

Type measure minimum reading: 1 mm
Water density: 998.21 kg/m3 (at 20 °C)
Gravity: 9.79 m/$

Sensor power supply: 24 VDC

Sensor signal output: 4-20 mA

Load resistor: 46.6 ohm

Calibration Curve A Calibration curve was obtained, as shown in Fegdrs
and Table C.5.
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Curve fitting

80000 -
70000 -
60000 -
50000 -
40000 +
30000 -
20000 -
10000 -

0

Actual Diff Pressure, Pa

0 010203040506 070809 1
Ni-DAQ Reading, V

Figure C.5: Calibration curve of Rosemount 3051 CD

Table C.5: Calibration equation of Rosemount 3051 C

Rosemount 3051 calibration equation ( Viny in Pa).
equation RMSE, Pa Rsquare
y=107067.%—- 20039.8 18.58 1

C.5 WIKA Static Pressure Transmitters

The two WIKA static pressure transmitters werelralied by a Budenberg dead
weight pressure gauge calibrator. The calibratoisists of a precision machined
piston and cylinder assembly mounted on an oil .tahko tube connections
allow the installation of a master gauge and tresguire transmitter which is to
be calibrated. Weight is added onto the cylindestgni and lifted to a certain
height by adjusting the hand pump linked to thetailk. By adding different
weights, various pressures are obtained. The eadibworks in accordance with
the basic principle thalP = F/ A, where the pressurie acts on a known area of
a sealed piston with area @éf, generating a forc& . This type of calibrator is
the most accurate instrument for pressure sendarateon. With high quality
materials used, it has small uncertainties of memsent and excellent long term
stability. 19 readings were taken for each sensothe range of 0-840 kPa.
Weights were added starting from 10 psi (70 kP&jreasing to 120 psi (840
kPa), then decreasing to 50 psi (355 kPa). Caltratpparatus was set as:

Piston cross-section area: 0.0625 in
Sensor power supply: 24 VDC
Sensor signal output: 4-20 mA

Load resistor: 47.0 ohm for sensor 1, 46.8 ohnsémsor 2
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Calibration Curve

Calibration curves of the linear and power-law tygre

obtained for the two sensors; the result is showkigure C.6 and Table C.6.

WIKA 1
[
© - o 0
s S5 600
=3-] @2 400
g 0 Al T T T 1 8 0 T hdl T T T 1
© 2004) 0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1
Reading, V Reading, V
Figure C.6: Calibration curve of WIKA pressure s@ss
Table C.6: Calibration equation of the WIKA presssensors
Calibration curve equatiom,in V, y in kPa
fitting equation RMSE, kPa R-square
Linear 1330.0% - 247.4 0.33 1
WIKA 1
Power-law | 133x— 247. 0.34 1
Linear 1336.8%— 251.4 0.21 1
WIKA 2
Power-law | 1337x%%%1- 25: 0.21 1
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Appendix D Data Acquisition System
Specifications

Technical Specifications:

Specifications listed below are typical at 25 °Qegs otherwise noted.

Table D.1: NI PCI 6224 specifications

Analog Input

Number of channels 16 differential or Settling time for multichannel
32 single ended measurements
Accuracy, full scale step, all ranges

ADC resolution 16 bits +90 ppm of step (+6 LSB) 4 us convert
Sampling rate interval
Maximum 250 kS/s +30 ppm of step (2 LSB) 5 us convert
Minimum No minimum interval
+15 ppm of step (x1 LSB) 7 us convert
interval
Calibration
Recommended warm-up time 15 minutes
Input range +10V, 5V, 1V, Calibration interval: 1 year
+0.2V
Input FIFO size 4095 Environmental
P | Operating temperature O0to55°C
samples Maximum altitude 2,000m
Scan list memory 4095 entries

Analog Input Circuitry

Figure D.1 shows the M series devices analog iopctitry

DIFF, RSE, Al Lowpass L |
or NRSE ADC Al FIFO Al Data

1/0 Connector

Filter
Al SENSE
Input Range
Al GNDJ; | Selection
Al Terminal
Configuration
Selection

Figure D.1: M series analog input circuitry
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For terms used in Figure D.1:

I/O Connector — analog input signals are connected to the I/@neotor. The
proper way of connection depends on the analogtimpaund-reference
settings: DIFF, RSE, and NRSE modes.

MUX — Multiplexers. MUX route one Al channels at a¢ito the ADC through
NI-PGIA.

NI-PGIA — NI programmable gain instrumentation ampliflel-PGIA amplifies
or attenuates an Al signal to ensure the maximwoluégon.

Al lowpass filter — A lowpass filter attenuates signals with frequies above the
cutoff frequency while passing signals below th®ffufrequency, this is used
to reduce the noise level.

ADC - Analog to digital converter. ADC digitizes thd gignal by converting
the analog voltage into a digital number.

Al FIFO - Al first-in-first-out. In multiple A/D conversits the FIFO buffer
holds data during Al acquisitions to ensure thatlata is lost.
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Appendix E Experimental Results: Water Tests

E.1l
E.2
E.3

Low Angle BPHE
Mixed Angle BPHE
High Angle BPHE

E.1l

Low-angle BPHE Unit

Observations Calculation
Th,in Th,out Tc,m Tc,out Q h Q c LMTD Q h Q c (9] Reh Rec h h h c
o} £C S o3 s Ifs 26 w w WimK WimK | WimK
1% 55.9 3964 | 1865 | 4589 | 0397 | 0245 | 1482 | 26965 | 27732 870 562 283
2+ 5503 | 3728 | 1916 | 4141 | 0392 | 0316 | 1577 | 29080 | 29163 883 541 350
3% 5588 | 3712 | 1864 | 4127 | 0394 | 0329 | 1647 | 30877 | 30875 897 547 362
4 5523 | 3655 | 19.02 | 3964 | 039 0348 | 16.54 | 30494 | 29802 882 537 378 1895 1647
5 55.18 36 1934 | 3896 | 0395 | 0397 | 16.44 | 31665 | 32355 922 540 429 1905 1819
6 5523 | 3591 | 19.32 | 3811 0.39 0399 | 16.85 | 31477 | 31190 894 533 428 1884 1820
7 5533 | 3399 | 1842 | 3573 | 0392 | 0503 | 17.51 | 34987 | 36230 956 528 520 1871 2139
8 5517 | 3403 | 19.05 | 3494 | 0398 | 0547 | 1748 | 35155 | 36202 962 535 565 1889 2282
9 5527 | 3293 | 1842 | 3364 | 0395 0.59 17.83 | 36945 | 37371 991 527 597 1868 2391
10 5529 | 3169 | 1843 | 3231 | 0393 | 0679 | 17.68 | 38841 | 39223 | 1051 519 678 1847 2646
11 5524 | 3212 | 1862 | 3198 | 039 | 0693 | 17.94 | 38262 | 38524 | 1021 523 691 1857 2687
12 5538 | 3069 | 1856 | 3079 | 0393 | 0788 | 17.63 | 40579 | 40143 | 1101 514 775 1833 2945
13 56.03 | 31.34 18.6 3085 | 0394 | 0791 1826 | 40763 | 40387 | 1068 522 779 1848 2959
14 5544 | 3045 | 1893 | 2988 | 039 | 0898 | 17.62 | 41450 | 40933 | 1126 518 877 1841 3247
15 56.01 | 3041 | 1855 | 2995 | 039 | 0898 | 18.03 | 42471 | 42680 | 1127 520 874 1844 3245
16 56.02 | 2978 | 1853 | 2922 | 0398 | 0989 | 17.91 | 43684 | 44048 | 1167 519 954 1841 3477
17 5546 | 29.71 18.9 2913 | 0396 | 0995 | 1744 | 42632 | 42431 1170 513 963 1830 3498
18 5543 | 29.02 18.9 2835 | 0397 | 1106 | 1724 | 43908 | 43586 | 1219 512 1061 1828 3777
19 5597 | 2887 | 1846 | 2821 | 0395 1.11 17.68 | 44834 | 45104 | 1213 511 1057 1821 3776
20 5542 | 2874 | 1889 | 2804 | 0395 | 1147 | 1715 | 44108 | 43775 | 1231 508 1096 1816 3877
21 5524 | 2852 | 1846 | 27.71 | 0394 | 1154 | 17.35 | 44107 | 44459 | 1216 505 1092 1809 3877
22 5588 | 2865 | 1848 | 2791 | 039% | 1.154 176 | 45143 | 45416 | 1227 511 1096 1821 3885
* Shaded cells: Laminar
Observation Calculation
Q bpP mesurement DPpipe bP PHE,in bP PHE out DPporl bP core Re f
I's Pa Pa Pa Pa Pa Pa - -

1% 0.305 825 34 177 105 14 495 282 113

2+ 0.345 1006 42 227 134 18 584 319 1.05

3 0.4 1311 55 306 181 25 744 354 0.99

4 0.443 1560 65 374 221 30 870 409 0.94

5 0.449 1646 68 385 227 31 935 397 0.99

6 0.543 2333 94 564 333 45 1297 481 0.93

7 0.545 2274 94 568 335 46 1232 504 0.88

8 0.643 3219 125 790 467 64 1773 595 0.91

9 0.647 3215 128 801 473 65 1748 573 0.89

10 0.742 4189 161 1052 621 85 2270 686 0.88

11 0.798 4808 183 1216 719 98 2592 738 0.87

12 0.84 5258 200 1348 796 109 2805 776 0.84

13 0.901 6014 226 1551 916 125 3196 833 0.84

14 0.945 6517 246 1705 1008 137 3421 873 0.81

15 1.052 8020 296 2113 1249 170 4192 972 0.81

16 1.089 8633 315 2265 1338 183 4532 1006 0.81

17 1.128 9270 347 2433 1437 196 4857 908 0.81

* Shaded cells: Laminar
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E.2 Mixed-angle BPHE Unit

Observations Calculation
Th,in Th,out Tc,in Tc,out Qp Q. LMTD Q h Q 3 U Rey, Re, hy h¢
£ £ e e /s /s eE w w wimkK S S wimK | wimk
1 5528 | 33.91 1923 | 47.62 | 0.376 | 0.281 10.78 | 33578 | 33030 | 1490 505 331 3449 2860
2 5535 | 3264 | 19.14 46.2 0.375 | 0.309 | 11.18 | 35609 | 34719 | 1523 499 359 3426 3029
3 5525 | 30.76 19 4438 | 0375 | 0.371 11.31 | 38387 | 39078 | 1624 490 423 3398 3380
4 5539 | 29.05 | 1887 | 4218 | 0.373 | 0425 | 1163 | 41071 | 41119 | 1690 480 473 3363 3658
5 5521 | 28.83 18.8 4161 | 0377 0.45 11.73 | 41673 | 42650 | 1700 485 498 3385 3789
6 55.18 | 27.39 18.7 39.12 | 0375 | 0.521 12 43607 | 44252 | 1739 475 561 3347 4125
7 5539 | 26.87 | 1871 | 3842 | 0375 | 0545 | 12.04 | 44830 | 44663 | 1782 475 582 3344 4234
8 5515 | 2629 | 1863 | 37.17 | 0.373 | 0.588 12.1 45126 | 45325 | 1785 469 619 3319 4421
9 55.4 2584 | 1864 | 3652 | 0375 | 0626 | 12.12 | 46401 | 46545 | 1832 470 654 3322 4593
10 5509 | 24.97 | 1852 | 34.47 | 0371 | 0702 | 1219 | 46857 | 46580 | 1839 461 717 3282 4903
11 5544 | 2498 | 1857 | 34.81 | 0376 | 0717 | 1216 | 48022 | 48445 | 1890 469 736 3315 4981
12 5503 | 2422 | 1847 | 3289 | 0.369 | 0.788 | 1216 | 47589 | 47341 1873 454 792 3251 5253
13 5542 | 2415 | 1851 | 33.04 | 0.375 0.82 1214 | 49135 | 49640 | 1936 463 826 3201 5395
14 5546 | 2362 | 1847 | 31.74 | 0376 | 0915 | 1216 | 50173 | 50594 | 1974 462 909 3285 5761
15 54.96 | 2337 | 1841 | 31.03 | 0.368 | 0.932 | 12.06 | 48690 | 49018 | 1932 449 917 3228 5808
16 5548 | 23.11 1843 | 3052 | 0374 | 1.019 | 1211 | 50660 | 51375 | 2001 457 997 3260 6142
17 5543 | 22.82 18.4 29.75 | 0375 | 1.094 | 12.08 | 51243 | 51695 | 2030 458 1060 3260 6405
18 5539 | 2267 | 1839 | 2023 | 0376 | 1.149 | 12.09 | 51566 | 51884 | 2041 458 1106 3261 6595
Observation Calculation
Q bp mesurement DPpipe bP PHE,in bP PHE,out DPpon DPcore Re f
I/s Pa Pa Pa Pa Pa Pa - -
1 0.248 791 24 17 69 9 571 219 1.98
2 0.298 1076 33 170 101 14 759 264 1.81
3 0.397 1896 55 302 178 24 1338 352 18
4 0.434 2059 64 361 213 29 1392 384 1.57
5 0.481 2702 76 441 261 36 1888 425 1.74
6 0.536 3151 92 548 324 44 2142 474 1.59
7 0.594 3939 110 675 399 54 2701 526 1.62
8 0.67 4662 136 857 507 69 3003 593 1.46
9 0.697 5371 146 928 549 75 3674 617 1.61
10 0.741 6021 162 1050 620 85 4103 656 1.59
11 0.789 6727 181 1189 703 96 4559 698 1.56
12 0.848 7781 206 1374 812 111 5279 750 1.56
13 0.9 8596 228 1547 914 125 5781 796 1.52
14 0.965 9893 258 1779 1051 143 6661 854 1.52
15 1.008 10688 278 1943 1148 157 7162 892 15
16 1.115 13078 332 2374 1403 191 8778 986 15
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E.3 High-angle BPHE

Observations Calculation
Th,in Th,out Tc,in Tc,out Q h Q c LMTD Q h Q ¢ U Rey, Re, h h h c
o3 8¢ o3 o3 I/s /s o3 w w Wim’K - - WimK | WimK
1 56.37 | 29.99 | 19.05 | 51.31 | 0.353 | 0.288 7.63 | 39009 | 38478 | 2446 463 351 5580 5125
2 56.34 | 2922 | 19.02 | 50.66 | 0.352 | 0.304 772 | 39952 | 39835 | 2477 458 369 5557 5263
3 5627 | 271 18.88 | 4854 | 0352 | 0.352 7.97 | 42985 | 43240 | 2581 450 417 5525 5651
4 56.44 | 2501 | 1872 | 4593 | 0.354 | 0414 822 | 46568 | 46763 | 2709 445 478 5508 6121
5 5622 | 2491 | 1871 | 4554 0.35 0.415 824 | 45892 | 46151 | 2665 438 476 5471 6117
6 56.45 | 2338 | 1859 | 4289 | 0.354 | 0488 843 | 49030 | 49245 | 2784 438 546 5477 6626
7 56.13 | 23.08 | 1861 | 41.81 | 0.353 | 0.509 8.46 | 48887 | 49103 | 2764 435 564 5458 6759
8 56.49 | 224 1852 | 4063 | 0355 | 0.555 8.51 50671 | 50960 | 2849 435 606 5460 7048
9 5651 | 2151 | 1844 38.1 0.355 | 0.643 856 | 52049 | 52554 | 2910 432 682 5434 7572
10 56.07 | 2149 | 1846 | 37.78 | 0351 | 0644 849 | 50850 | 51727 | 2867 425 681 5396 7570
1 56.5 2088 | 18.39 | 3587 | 0.357 | 0743 857 | 53231 | 54003 | 2970 431 769 5426 8125
12 5599 | 2067 | 1837 | 34.87 | 0.356 | 0.781 849 | 52639 | 53589 | 2968 427 800 5405 8319
13 5653 | 2041 | 1834 | 3412 | 0354 | 083 854 | 53616 | 54537 | 3004 427 844 5390 8581
14 56.52 20.1 18.31 | 3273 | 0355 | 0923 85 54205 | 55397 | 3049 426 924 5385 9041
15 5651 | 19.87 | 1828 | 3161 | 0.358 | 1.009 848 | 54968 | 56075 | 3100 429 999 5396 9450
16 56.44 | 19.82 | 1826 | 31.18 | 0.358 | 1.045 8.51 54912 | 56247 | 3088 428 1029 5390 9613
Observation Calculation
Q bP mesurement bP pipe bP PHE,in bP PHE,out bpP port bP core Re f
Is Pa Pa Pa Pa Pa Pa - -

1 0.265 1957 28 134 79 1 1705 213 5.15

2 0.293 2376 33 164 97 13 2068 236 5.1

3 0.326 2882 39 203 120 16 2504 262 5.01

4 0.348 3265 44 232 137 19 2833 280 4.96

5 0.393 4105 55 295 174 24 3557 316 4.89

6 0.398 4178 56 302 179 24 3617 320 4.86

7 0.441 5100 67 371 219 30 4413 355 483

8 0.474 5820 76 429 254 35 5027 381 475

9 0.529 7115 92 534 316 43 6130 425 466

10 0.591 8755 112 667 394 54 7529 475 458

1 0.728 12898 161 1011 598 82 11047 585 443

12 0.734 13086 164 1030 609 83 11201 591 441

13 0.811 15812 195 1258 744 101 13514 653 4.36

14 0.817 15958 197 1275 754 103 13629 657 434

15 0.902 19149 235 1555 919 125 16316 726 4.26

16 0.952 21131 258 1732 1023 140 17978 766 421

17 1.017 23844 290 1978 1169 159 20247 819 415

18 1.043 24946 302 2079 1228 168 21169 839 413
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Appendix F Experiment Results: Refrigerant

Evaporator Tests

F.1 R134a Low-angle BPHE Unit
F.2 R134a Mix-angle BPHE Unit
F.3 R134a High-angle BPHE Unit
F.4 R507A Low-angle BPHE Unit
F.5 R507A Mix-angle BPHE Unit
F.6 R507A High-angle BPHE Unit
F.1 R134a Low-angle BPHE Unit
Observations
RTD1 RTD2 RTD3  RTD4 Trimec WIKA 1 WIKA 2 RS 1 RM
T w, out T w, in T r,in T r, out Q r P r, out P r,in Q w AP r
T T T T I/min kPa kPa I/sec kPa
10.85  14.66 6.79 6.85 5.015 288.2 298.4 0.7977 4.765
10.86  14.65 6.90 6.97 4.538 289.1 298.4 0.7995 3.874
10.84  14.64 6.91 6.96 4.051 288.2 296.7 0.7980 3.036
10.89  14.65 6.87 6.91 3.732 287.3 295.3 0.7966 2.401
11.00  14.54 6.89 6.76 5.202 288.4 298.5 0.8041 4.582
11.01 1454 7.18 7.02 4.800 291.3 300.6 0.8009 3.871
11.10  14.52 7.50 7.25 4.419 294.1 302.7 0.8024 3.073
11.13 1454 7.21 7.16 3.866 292.0 300.0 0.8010 2.218
10.97 1451 6.93 6.89 3.587 287.1 294.5 0.7980 1.796
11.01 1451 7.16 6.94 3.547 287.2 294.5 0.7997 1.632
12.34  15.98 8.65 8.43 5.324 309.1 319.4 0.7996 4.824
12.29  15.99 8.46 8.22 4.977 305.9 315.6 0.7987 4.227
1150  14.47 8.03 7.89 5.614 303.5 313.7 0.7985 4.848
11.26  14.28 7.64 7.51 5.274 298.7 308.6 0.8043 4.391
11.30  14.28 7.81 7.57 4.784 299.5 308.7 0.8052 3.584
11.29  14.27 7.59 7.44 3.885 297.0 305.0 0.8045 2.291
11.31  14.28 8.03 7.55 3.658 297.4 305.0 0.8024 2.094
11.28  14.28 7.50 7.40 3.205 294.5 301.2 0.8034 1.064
9.01  13.76 5.44 5.17 5.258 269.2 278.6 0.5033 4.076
8.99  13.76 5.39 5.15 4.769 268.7 277.5 0.4996 3.450
8.96  13.74 5.45 5.12 4.259 268.2 276.3 0.4997 2.780
8.98  13.75 5.48 5.13 3.947 268.1 275.9 0.4996 2.319
8.96  13.74 5.44 5.12 3.632 267.5 274.9 0.4985 1.899
8.97  13.75 5.44 5.24 3.488 268.7 275.9 0.4993 1.664
8.98  13.70 5.38 5.24 3.142 268.1 274.7 0.5002 1.024
9.02  13.72 5.23 5.29 2.986 268.1 274.4 0.4992 0.753
9.58  14.21 5.65 5.65 6.149 272.9 283.4 0.4995 5.589
9.54  14.18 5.67 5.67 5.248 272.6 282.1 0.5000 4.415
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952  14.17 5.76 5.70 4.570 272.6 281.2 0.4991 3.438
952  14.16 5.78 5.72 4.153 272.5 280.5 0.5001 2.802
951  14.16 5.79 5.73 3.736 271.9 279.4 0.4993 2.146
955  14.16 5.83 5.74 3.388 271.5 278.3 0.5003 1.531
954  14.15 5.73 5.73 3.151 270.6 277.0 0.4996 1.104
9.63  14.16 5.45 5.74 2.803 268.3 274.1 0.5000 0.437

1172  15.72 8.14 8.20 4.645 309.8 318.6 0.5012 2.959
11.70  15.70 8.01 8.15 4.279 309.1 317.6 0.5007 2.433
11.63  15.67 8.07 8.12 3.732 308.3 316.0 0.5007 1.745
1161  15.68 8.10 8.10 3.314 307.9 315.0 0.5011 1.080
11.66  15.67 8.29 8.23 3.058 308.6 315.0 0.5005 0.223
1162  15.66 8.22 8.10 2.786 307.0 313.2 0.5006 0.023
11.63  15.66 8.14 8.07 2.491 305.1 310.8 0.4998  -0.372
1156  15.64 8.13 8.50 2.283 306.7 311.9 0.4973  -0.383
1290 1576 1015  10.13 5.145 335.7 343.7 0.4959 1.897
1290 1578 1025  10.17 4.031 336.1 343.1 0.4965 0.676
12.87 1575 1031  10.20 3.283 336.1 3425 0.4951  -0.103
1292 1577 1034  10.28 2.859 336.9 342.9 0.4938  -0.380
1294 1578 1030  10.33 2.533 337.4 343.1 0.4951  -0.384
1298 1578  10.27  10.40 2.243 337.9 343.3 0.4947  -0.384
1296 1575 1019  10.38 1.998 336.8 341.9 0.4941  -0.384
13.00 1577 1010  10.39 1.788 336.0 340.8 0.4951  -0.384
1390 1582 1154 1152 4.814 355.1 362.2 0.4993 0.732
13.89 1582  11.63  11.55 4.001 355.2 361.8 0.5005 0.053
13.88 1580  11.65  11.56 3.530 355.6 361.9 0.5006  -0.329
13.89 1581  11.65  11.62 3.072 356.2 362.2 0.5011  -0.386
1391 1582  11.61  11.68 2.543 356.8 362.5 0.5015  -0.387
1392 1581 1155  11.75 1.953 357.2 362.5 0.5017  -0.386
1392 1581 1150  11.80 1.555 356.9 361.8 0.5011  -0.387
1397 1581 1136  11.70 1.155 353.7 358.1 0.5013  -0.387
Red colored data are not used Ad%,. data processing.
Calculations

Qcoolling LMTD U q Gr Xout hr APfric, expe

KW T KW/m?2K)  kw/m®*  kg/(m®s) — KW/(m?K)  kPa

12.74 532 1.145 6.096  24.61 0.62 2.194 7.413

1268 5.21 1.166 6.067  22.27 0.68 2.265 6.943

1269 5.19 1.170 6.071  19.88 0.76 2.287 6.520

1255 5.26 1.142 6.004 18.31 0.82 2.182 6.151

1191 535 1.066 5697  25.52 0.56 1.910 7.094

11.85 5.06 1.121 5670 23.53 0.60 2.101 6.738

1147 481 1.142 5489  21.64 0.64 2.171 6.271

11.45 5.06 1.083 5478  18.95 0.72 1.968 5.860

11.83 524  1.081 5.658  17.60 0.80 1.968 5.660

11.73  5.08 1.104 5.610 17.39 0.81 2.043 5.529

12.18  4.99 1.168 5.827  26.00 0.57 2.239 7.259

12.38  5.17 1.147 5922 24.31 0.61 2.163 6.954

9.94 4.46 1.065 4755  27.46 0.44 1.911 7.095

10.18  4.64  1.050 4870 25.82 0.47 1.861 6.911
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10.07
10.06
9.99

10.10

10.03
10.01
10.01
9.99
9.98
10.00
9.90
9.83

9.69
9.73
9.71
9.72
9.73
9.67
9.65
9.49

8.38
8.39
8.47
8.53
8.40
8.48
8.42
8.50

5.94
5.99
5.97
5.89
5.88
5.81
5.76
5.74

4.01
4.03
4.03
4.04
4.00
3.98
3.97
3.87

4.52
4.70
4.38
4.78

5.25
5.27
5.21
5.20
5.22
5.19
5.22
5.34

5.50
5.43
5.34
5.32
5.30
5.29
5.36
5.61

4.90
4.99
4.90
4.87
4.72
4.78
4.86
4.65

3.63
3.55
3.46
3.45
3.49
3.51
3.54
3.63

2.87
2.80
2.76
2.75
2.77
2.78
2.80
2.96

1.065
1.023
1.090
1.012

0.914
0.908
0.919
0.920
0.915
0.923
0.908
0.882

0.844
0.857
0.870
0.873
0.878
0.874
0.861
0.810

0.819
0.805
0.828
0.838
0.851
0.849
0.829
0.875

0.783
0.807
0.824
0.816
0.807
0.792
0.778
0.755

0.668
0.689
0.699
0.702
0.690
0.684
0.679
0.624

4.816
4.812
4.779
4.835

4.800
4.788
4.789
4.779
4.774
4,784
4.736
4.705

4.638
4.655
4.647
4.649
4.655
4.627
4.615
4.542

4.011
4.016
4.053
4.081
4.019
4.056
4.029
4.065

2.843
2.868
2.854
2.819
2.815
2.781
2.757
2.744

1.917
1.929
1.929
1.932
1.913
1.906
1.901
1.850

2341
19.02
17.89
15.70

25.90
23.49
20.98
19.43
17.89
17.18
15.48
14.71

30.27
25.83
22.49
20.44
18.38
16.67
15.51
13.81

22.71
20.93
18.25
16.20
14.95
13.62
12.18
11.16

25.02
19.60
15.96
13.90
12.31
10.91
9.72

8.69

23.32
19.38
17.10
14.88
12.32
9.46
7.53
5.60

0.52
0.63
0.67
0.77

0.46
0.51
0.57
0.61
0.66
0.69
0.76
0.80

0.38
0.45
0.51
0.57
0.63
0.69
0.74
0.82

0.44
0.48
0.56
0.63
0.68
0.75
0.83
0.92

0.29
0.37
0.45
0.52
0.58
0.65
0.72
0.80

0.21
0.25
0.29
0.33
0.40
0.51
0.64
0.84

1.907
1.776
1.992
1.744

1.935
1.920
1.966
1.971
1.952
1.985
1.917
1.805

1.642
1.693
1.747
1.758
1.778
1.761
1.710
1.517

1.516
1.472
1.549
1.587
1.632
1.625
1.556
1.732

1.399
1.474
1.535
1.509
1.475
1.428
1.385
1.312

1.061
1.114
1.142
1.149
1.116
1.101
1.087
0.954

6.513
5.925
5.899
5.204

6.577
6.362
6.107
5.893
5.716
5.591
5.209
5.052

7.329
6.940
6.525
6.220
5.887
5.532
5.279
4.861

6.028
5.778
5.492
5.122
4.438
4.424
4.223
4.353

4.580
4.160
3.879
3.868
4.066
4.238
4.382
4.506

3.515
3.401
3.330
3.567
3.891
4.245
4.479
4.706
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F.2 R134a Mix-angle BPHE Unit

Observations
RTD1 RTD2 RTD3 RTD4 Trimec WIKA 1 WIKA 2 RS 1 RM
T w, out T w, in T r,in T r, out Q r P r, out P r,in Q w AP r
T T T T I/min kPa kPa I/sec kPa
10.97 14.83 8.16 7.70 5.022 300.1 311.4 0.7984 5.726
10.72 14.76 7.58 7.11 4.878 293.0 304.2 0.7967 5.778
10.98 14.70 7.73 7.29 4.352 296.0 306.0 0.7907 4.522
11.01 14.69 7.48 7.39 3.859 296.3 305.3 0.8058 3.356
11.24 14.76 8.25 8.12 5.325 307.4 318.6 0.8024 5.868
11.22 14.74 8.29 8.17 4.725 307.7 317.9 0.7995 4.729
11.24 14.71 8.32 8.17 4.393 307.5 317.2 0.8012 4.073
11.19 14.71 8.33 8.15 3.967 306.6 315.5 0.7995 3.207
11.08 14.66 8.16 8.06 3.707 304.4 312.7 0.7980 2.689
11.15 14.74 8.21 8.25 3.497 304.8 312.8 0.7982 2.302
11.49 14.45 8.26 7.95 5.240 305.6 316.7 0.7976 5.580
11.41 14.41 8.43 8.10 4.658 307.3 317.5 0.7975 4.455
11.42 14.41 8.55 8.19 4.023 307.8 316.8 0.7987 3.278
11.43 14.41 8.64 8.25 3.681 307.6 316.0 0.7996 2.657
11.29 14.36 8.46 8.32 3.281 306.2 313.7 0.8005 1.725
11.31 14.39 8.35 8.72 2.950 303.4 310.5 0.8002 1.477
9.01 13.84 6.20 6.01 5.444 279.1 289.8 0.5001 5.508
8.97 13.82 6.16 5.99 4.987 278.8 288.9 0.4989 4.803
8.95 13.80 6.27 5.99 4.309 278.4 287.5 0.4989 3.767
8.90 13.81 6.28 5.96 3.901 277.6 286.1 0.4990 3.124
8.90 13.80 6.30 5.97 3.732 277.7 285.9 0.4984 2.775
8.91 13.79 6.18 6.00 3.504 277.7 285.5 0.4985 2.382
8.88 13.79 6.14 6.01 3.158 276.9 284.1 0.4994 1.728
8.91 13.75 6.06 6.07 2.873 276.5 283.2 0.4976 1.174
9.60 14.24 6.58 6.48 5.514 282.3 293.1 0.5002 5.873
9.55 14.24 6.56 6.46 5.041 281.9 292.2 0.5007 5.172
9.52 14.21 6.56 6.46 4.516 281.5 291.0 0.5012 4.448
9.49 14.21 6.59 6.46 4.250 281.1 290.4 0.4999 4.050
9.50 14.25 6.57 6.48 4.023 281.1 290.1 0.5013 3.710
9.44 14.21 6.55 6.44 3.784 280.2 288.8 0.5018 3.310
9.44 14.20 6.59 6.52 3.404 280.3 288.2 0.5005 2.628
9.45 14.23 6.53 6.57 3.219 280.0 287.6 0.5002 2.335
9.42 14.17 6.44 6.61 3.069 278.9 286.3 0.5014 2.099
9.47 14.21 6.36 7.13 2.845 278.5 285.6 0.4990 1.749
11.98 15.78 9.21 9.10 4.700 320.9 331.5 0.4980 4.327
11.78 15.78 8.93 8.96 4.129 318.7 328.6 0.4985 3.694
11.74 15.76 8.89 8.96 3.921 318.9 328.5 0.5001 3.270
11.71 15.76 8.91 8.99 3.521 319.0 327.9 0.5005 2.525
11.70 15.74 9.00 9.03 3.015 318.9 326.8 0.4994 1.431
11.70 15.74 9.01 9.06 2.844 318.9 326.4 0.5022 1.057
11.69 15.73 8.97 9.06 2.526 317.3 324.2 0.4983 0.354
11.69 15.73 8.85 9.92 2.200 313.3 319.7 0.4995 -0.191
12.88 15.80 10.66 10.61 4.775 343.3 352.1 0.4991 2.419
12.87 15.79 10.75 10.63 3.950 343.3 351.3 0.5001 1.493
12.87 15.81 10.85 10.68 3.178 343.7 351.0 0.4994 0.734
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12.87 15.81 10.84  10.71 2.842 343.9 350.9 0.5004 0.315
12.87 15.80 10.79 10.72 2.601 343.7 350.4 0.5001 0.020
12.90 15.79 10.77 10.81 2.284 344.3 350.6 0.4987 -0.320
12.89 15.77 10.67 10.81 2.076 343.8 349.8 0.4997 -0.383
12.94  15.80 10.52 10.83 1.760 341.8 347.4 0.5017 -0.384
13.98 15.85 12.05 11.96 5.079 362.3 370.3 0.5015 1.444
14.00 15.86 12.17 12.05 4.022 363.6 370.7 0.5019 0.414
13.98 15.85 12.22 12.06 3.509 363.7 370.5 0.5007 0.018
13.91 15.84 12.14  12.01 3.089 363.0 369.5 0.5013 -0.259
13.86 15.84 12.05 12.01 2.655 362.6 368.8 0.5023 -0.386
13.88 15.82 11.98 12.08 2.144 363.2 369.1 0.5010 -0.387
13.90 15.82 11.88 12.11 1.392 361.9 367.2 0.5022 -0.386
13.94  15.82 11.61 12.25 1.183 358.7 363.5 0.5017 -0.387
Red colored data are not used Ad%;. data processing.
Calculations
Qcoolling LMTD U q Gr Xout hr AI:)fric. expe
KW T KW/mZ2K)  kw/m*  kg/(m*s) kKw/(m?K)  kPa
12.91 4.19 1.473  6.176 2455 0.63 2.523 7.932
13.45 4.62 1.393  6.437 23.89 0.68 2.301 8.100
12.30 4.62 1.274  5.883 21.30 0.69 1.997 7.402
12.42 4.78 1.244  5.943 18.90 0.79 1.913 6.708
11.83 4.16 1.361  5.662 26.03 0.55 2.206 7.803
11.78 4.08 1.380 5.634 23.09 0.61 2.260 7.267
11.65 4.07 1.369  5.572 21.47 0.65 2.230 6.935
11.79 4.03 1.399 5.641 19.39 0.73 2.312 6.470
11.96 4.08 1.401 5.721 18.12 0.79 2.321 6.192
11.98 4.06 1.412 5.733 17.10 0.84 2.350 6.000
9.88 4.27 1.106  4.727 25.62 0.46 1.608 7.681
10.03 4.03 1.192  4.801 22.76 0.53 1.798 7.104
10.00 3.92 1.221  4.784 19.65 0.61 1.865 6.503
10.00 3.83 1.248  4.786 17.97 0.67 1.928 6.181
10.28 3.82 1.287  4.918 16.03 0.77 2.023 5.593
10.31 3.77 1.309  4.932 14.42 0.86 2.078 5.624
10.12 4.40 1.099 4.842 26.76 0.45 1.828 7.346
10.14  4.40 1.103  4.854 2451 0.49 1.840 7.091
10.13 4.29 1.130 4.845 21.17 0.57 1.916 6.703
10.27 4.25 1.155  4.912 19.17 0.64 1.990 6.431
1024  4.22 1.161  4.900 18.34 0.67 2.009 6.234
10.18 4.32 1.128  4.873 17.22 0.71 1.912 6.042
10.26 4.33 1.133  4.910 15.52 0.79 1.925 5.690
10.10 4.38 1.104  4.834 14.13 0.85 1.846 5.379
9.74 455 1.024  4.659 27.07 0.43 1.626 7.674
9.83 4.53 1.038  4.702 24.75 0.47 1.660 7.432
9.85 4.49 1.049  4.715 22.17 0.53 1.689 7.204
9.87 4.46 1.059  4.722 20.87 0.57 1.716 7.050
9.99 4.49 1.066  4.781 19.75 0.60 1.732 6.914
10.02 4.45 1.077  4.793 18.58 0.64 1.762 6.727
9.98 4.39 1.089  4.777 16.72 0.71 1.796 6.378
10.03 4.43 1.083  4.797 15.81 0.76 1.780 6.244
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9.98 4.45 1.073 4774 15.07 0.79 1.753 6.136

9.92 4.37 1.087 4.747 13.98 0.85 1.792 5.974

7.92 4.02 0.943 3.791 2292 0.42 1.420 6.995

8.34 4.12 0.968 3.991 20.14 0.50 1.476 6.846

8.43 4.11 0.981 4.035 19.13 0.53 1.506 6.596

8.48 4.07 0.996 4.056 17.18 0.60 1.542 6.180

8.44 3.97 1.017 4.039 14.71 0.69 1.595 5.486

8.49 3.96 1.026 4.064 13.87 0.74 1.613 5.247

8.44 3.97 1.016 4.037 12.32 0.83 1.592 4.785

8.43 3.74 1.078 4.035 10.74 0.95 1.747 4.488

6.10 3.10 0.943 2.919 23.19 0.32 1.414 5.039

6.10 3.01 0.972 2.920 19.17 0.39 1.480 4.778

6.15 291 1.010 2.942 15.42 0.49 1.573 4.602

6.16 291 1.013 2.947 13.79 0.54 1.578 4.425

6.15 2.94 1.000 2.941 12.63 0.59 1.547 4.300

6.02 2.95 0.977 2.882 11.09 0.66 1.494 4,173

6.02 3.01 0.957 2.880 10.08 0.73 1.447 4.251

6.00 3.16 0.909 2.870 855 0.85 1.338 4.462

3.93 2.42 0.777 1.882 2457 0.20 1.068 3.696

3.89 2.33 0.800 1.861 19.45 0.24 1.111 3.495

3.92 2.26 0.829 1.876 16.96 0.28 1.170 3.483

4.07 2.28 0.854 1.947 14.94 0.33 1.220 3.525

4.14 2.31 0.858 1.982 12.84 0.39 1.227 3.708

4.07 2.35 0.830 1.949 10.37 0.48 1.172 4.044

4.03 2.42 0.797 1.928 6.74 0.73 1.107 4.529

3.94 2.57 0.735 1.886 5.73 0.84 0.990 4.660

F.3 R134a High-angle BPHE Unit
Observations
RTD1 RTD2 RTD3 RTD4 Trimec WIKA 1 WIKA 2 RS 1 RM
T w, out T w, in T r,in T r, out Q r P r, out P r,in Q w AP r
T T T T I/min kPa kPa I/sec kPa

11.20 15.20 8.45 8.23 5.156 307.6 320.1 0.7965 7.300
11.23 15.19 8.65 8.26 5.047 307.9 320.2 0.7960 7.037
10.87 14.89 8.04 7.69 4.856 300.2 312.6 0.8055 7.117
11.22 15.16 8.57 8.27 4.587 307.9 319.4 0.7993 6.155
11.07 14.86 8.22 7.97 4.301 303.5 314.8 0.8044 5.748
11.07 14.89 8.14 7.99 3.815 301.1 311.3 0.8035 4.620
11.12 14.76 8.36 8.27 5.274 306.7 319.0 0.7927 7.106
11.11 14.74 8.60 8.38 4.729 307.6 319.0 0.7933 6.039
11.13 14.75 8.75 8.49 4.269 308.1 318.8 0.7928 5.183
11.15 14.74 8.80 8.52 4.228 308.0 318.7 0.7933 5.191
11.09 14.71 8.72 8.50 3.902 307.3 317.5 0.7924 4.584
11.19 14.75 8.83 8.61 3.442 305.8 314.9 0.7903 3.624
10.47 14.97 7.76 7.56 4.824 298.7 310.6 0.7048 6.666

9.50 14.96 7.29 7.40 4.429 294.8 305.0 0.4995 5.107
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11.60
11.59
11.51
11.44
11.54

9.03
9.02
9.02
9.02
9.02
8.97
8.97
9.03

9.66
9.68
9.70
9.69
9.67
9.66
9.64
9.83

11.99
11.88
11.93
11.84
11.93
11.91
11.98
11.95

12.80
12.77
12.77
12.78
12.80
12.81
12.82
12.84

13.93
13.94
13.96
13.98
13.81
13.88
13.89
13.88

14.62
14.60
14.53
14.53
14.54

13.87
13.85
13.87
13.86
13.86
13.84
13.81
13.84

14.23
14.23
14.29
14.28
14.26
14.28
14.31
14.30

15.85
15.84
15.84
15.82
15.82
15.80
15.81
15.83

15.85
15.83
15.84
15.83
15.84
15.83
15.81
15.81

15.87
15.87
15.86
15.86
15.86
15.87
15.86
15.86

8.93
9.00
8.99
9.13
8.95

6.80
6.82
6.82
6.87
6.87
6.87
6.87
6.90

7.38
7.52
7.57
7.72
7.64
7.66
7.70
8.07

9.80
9.76
9.82
9.75
9.98
9.97
10.14
9.81

10.78
10.82
10.92
10.99
10.97
10.94
10.93
10.89

12.31
12.35
12.45
12.49
12.27
12.32
12.31
12.22

8.53
8.58
8.63
8.92
8.87

6.58
6.58
6.59
6.55
6.55
6.57
6.60
6.74

7.25
7.35
7.43
7.46
7.47
7.49
7.56
8.12

9.65
9.57
9.65
9.60
9.76
9.72
9.83
11.21

10.74
10.77
10.83
10.87
10.92
10.96
11.05
11.30

12.24
12.23
12.30
12.33
12.24
12.37
12.51
12.95

5.274
4.378
3.836
3.555
3.363

5.396
4.976
4.490
3.963
3.807
3.444
3.188
2.896

5.501
4.884
4.518
4.201
4.081
3.781
3.366
3.026

5.030
4.533
4.128
3.565
3.109
2.797
2.485
2.238

4.845
4.003
3.258
2.761
2.456
2.252
2.045
1.778

5.120
4.019
3.405
3.068
2.547
2.158
1.514
1.203

312.3
3121
312.6
3155
311.8

286.5
286.2
286.0
285.2
285.1
284.6
284.0
284.3

293.7
2945
295.2
295.2
295.4
295.4
295.0
301.0

327.1
326.0
327.0
325.8
327.6
326.3
326.4
324.2

345.3
345.5
346.0
346.1
346.3
346.3
346.6
346.4

366.3
366.2
366.9
367.0
365.5
366.9
367.3
366.2

324.4
323.0
322.8
325.1
321.2

298.0
297.2
296.4
295.1
294.8
293.8
292.8
292.6

304.7
304.8
305.1
304.7
304.7
304.3
303.4
308.8

338.4
336.7
337.2
335.4
336.4
334.7
334.3
331.7

354.9
354.1
353.8
353.4
353.4
353.2
353.2
352.5

374.6
373.8
374.0
373.9
372.0
373.1
373.1
371.5

0.7960
0.7993
0.7971
0.7938
0.8036

0.5005
0.5011
0.5013
0.4993
0.5020
0.5006
0.5014
0.5021

0.4980
0.4981
0.4973
0.4978
0.4965
0.4967
0.4950
0.4968

0.5006
0.5005
0.4993
0.5008
0.4995
0.4992
0.4993
0.4951

0.4973
0.4992
0.4982
0.4982
0.4977
0.4970
0.4979
0.4983

0.4955
0.4934
0.4943
0.4947
0.4955
0.4953
0.4954
0.4958

6.718
5.305
4.427
3.797
3.503

6.358
5.725
5.131
4.481
4.281
3.697
3.298
2.674

5.920
5.068
4.600
4.193
4.017
3.644
3.045
2.301

5.066
4.466
3.894
3.140
2.288
1.796
1.216
0.876

3.225
2.127
1.241
0.702
0.388
0.180
-0.100
-0.382

1.825
0.884
0.347
0.073
-0.310
-0.375
-0.386
-0.387

Red colored data are not used Ad%,. data processing.
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Calculations

Qcoolling
kW

13.34
13.20
13.59
13.19
12.77
12.84

12.08
12.05
12.02
11.91
12.02
11.78

13.29
11.43

10.06
10.06
10.09
10.29
10.11

10.15
10.15
10.19
10.13
10.19
10.22
10.17
10.12

9.55
9.50
9.56
9.56
9.55
9.62
9.67
9.31

8.09
8.29
8.17
8.33
8.13
8.14
8.00
8.05

6.35
6.38
6.41
6.35

LMTD

4.10
3.95
4.23
3.99
4.14
4.20

3.93
3.69
3.56
3.52
3.54
3.50

4.21
3.83

3.73
3.65
3.55
3.28
3.52

3.75
3.71
3.71
3.68
3.68
3.61
3.59
3.59

3.70
3.56
3.54
3.37
3.42
3.39
3.33
2.98

3.40
3.37
3.33
3.33
3.15
3.15
3.02
2.81

291
2.84
2.74
2.67

u
KW/(m %K)

1.559
1.598
1.537
1.583
1.477
1.462

1.470
1.562
1.616
1.618
1.624
1.611

1.510
1.428

1.289
1.321
1.361
1.499
1.375

1.295
1.309
1.313
1.318
1.324
1.354
1.354
1.350

1.234
1.276
1.294
1.355
1.336
1.358
1.392
1.494

1.137
1.178
1.175
1.199
1.235
1.235
1.268
1.372

1.044
1.075
1.119
1.136

q
KW/m?

6.384
6.314
6.500
6.310
6.110
6.142

5.781
5.764
5.752
5.699
5.749
5.635

6.359
5.469

4.811
4.814
4.826
4.922
4.836

4.858
4.858
4.876
4.846
4.875
4.892
4.868
4.841

4.567
4.545
4.573
4.573
4.569
4.603
4.627
4.454

3.869
3.966
3.909
3.988
3.892
3.893
3.830
3.851

3.039
3.055
3.065
3.039

G,
kg/(m?-s)

25.19
24.64
23.75
22.40
21.03
18.66

25.77
23.09
20.84
20.63
19.05
16.80

23.61
21.71

25.73
21.36
18.71
17.34
16.41

26.48
24.42
22.03
19.44
18.68
16.90
15.64
14.21

26.95
23.92
22.12
20.56
19.98
18.51
16.48
14.80

24.48
22.07
20.09
17.36
15.13
13.61
12.09
10.89

23.52
19.43
15.81
13.40

Xout

0.64
0.65
0.69
0.71
0.73
0.83

0.56
0.63
0.70
0.70
0.76
0.85

0.68
0.63

0.47
0.57
0.65
0.72
0.74

0.46
0.50
0.55
0.62
0.65
0.72
0.78
0.85

0.42
0.48
0.52
0.56
0.57
0.62
0.71
0.76

0.40
0.46
0.49
0.58
0.65
0.73
0.80
0.90

0.33
0.40
0.49
0.58

h
KW/(m?-K)

2.276
2.361
2.227
2.327
2.104
2.075

2.094
2.285
2.404
2.407
2421
2.393

2.220
2.175

1.744
1.802
1.878
2.153
1.903

1.885
1.914
1.922
1.933
1.944
2.011
2.012
2.002

1.757
1.843
1.880
2.013
1.972
2.020
2.097
2.335

1.559
1.638
1.633
1.679
1.750
1.751
1.817
2.042

1.389
1.445
1.526
1.557

APy
kPa

c, expe

9.288
9.152
9.408
8.750
8.632
7.989

9.008
8.510
8.115
8.164
7.871
7.344

8.988
7.861

8.713
8.160
7.776
7.396
7.267

8.175
7.965
7.846
7.694
7.637
7.381
7.209
6.839

7.675
7.437
7.316
7.205
7.137
7.033
6.798
6.338

7.371
7.216
6.999
6.719
6.232
5.983
5.636
5.487

5.719
5.326
5.023
4.850

219



6.34 2.69 1.127 3.031 11.92 0.65 1.540 4.755

6.28 2.71 1.110 3.005 10.93 0.70 1.509 4.688

6.24 2.69 1.112 2.987 9.92 0.77 1.512 4.550

6.19 2.65 1.118 2.960 8.63 0.87 1.523 4.448

4.02 211 0.914 1.925 24.75 0.20 1.167 3.979

3.98 2.08 0.917 1.907 19.43 0.25 1.173 3.927

3.93 1.99 0.943 1.879 16.45 0.29 1.215 3.847

3.89 1.96 0.950 1.862 14.82 0.32 1.227 3.814

4.26 2.03 1.002 2.037 12.31 0.42 1.316 3.841

4.11 2.01 0.980 1.968 10.43 0.48 1.279 4.027

4.08 1.98 0.987 1.951 7.32 0.68 1.290 4.438

4.11 1.87 1.049 1.965 5.82 0.87 1.398 4.644
4 R507A Low-angle BPHE Unit

Observations
RTD1 RTD2 RTD3 RTD4 Trimec WIKA 1 WIKA 2 RS 1 RM
T w, out T w, in T r,in T r, out Q r P r, out P r,in Q w AP r
T T T T I/min kPa kPa I/sec kPa

12.51 16.49 8.36 8.52 6.140 722.4 732.2 0.7980 3.510
12.91 16.57 9.09 9.38 6.538 746.2 756.6 0.7966 3.418
12.52 16.49 8.35 8.54 6.222 723.3 733.2 0.7954 3.562
12.55 16.53 8.17 8.43 6.002 720.0 729.9 0.7947 3.335
12.60 16.51 7.82 8.17 5.965 713.2 722.4 0.8009 3.378
12.60 16.48 7.83 8.20 5.598 712.8 721.5 0.7968 2.759
12.67 16.50 7.80 8.26 5.125 710.6 718.6 0.7969 2.173
12.63 16.47 7.50 8.16 4.772 703.6 711.2 0.7911 1.608
12.85 16.46 8.61 8.93 6.256 732.1 741.4 0.7972 3.308
12.89 16.47 8.70 9.00 5.918 733.7 742.6 0.7959 2.835
12.92 16.47 8.68 8.99 5.241 731.2 739.6 0.7968 2.177
12.84 16.47 8.12 8.78 4.529 717.4 724.9 0.7964 1.404
13.44 16.43 9.16 9.43 6.906 745.7 755.3 0.7939 3.465
13.48 16.43 9.15 9.41 5.559 743.5 752.0 0.8077 2.282
13.43 16.43 9.03 9.45 4.839 741.6 749.6 0.8083 1.619
13.47 16.44 8.92 9.60 4.244 738.7 746.2 0.8058 0.907
13.57 16.40 8.88 9.57 4.077 735.3 742.5 0.8046 0.573
13.94 16.37 10.28 10.56 6.383 773.9 782.6 0.8066 2.721
13.97 16.35 10.22 10.40 5.250 768.1 775.9 0.8036 1.753
13.93 16.34 10.08 10.32 4.484 763.8 771.2 0.8037 1.163
13.94 16.35 10.05 10.49 3.912 763.1 769.9 0.8006 0.601
13.84 16.33 9.55 10.34 3.700 752.3 758.8 0.8014 0.162
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Calculations

Qcoolling LMTD U q Gr Xout hr APfric, expe
Kw T KW/m?2K)  kw/m®*  kg/(m®s) - KW/(m?K)  kPa

13.28 5.66 1.123 6.356 26.58 0.75 2.261 5.547
12.19 5.14 1.134 5.831 28.22 0.65 2.304 5.143
13.21 5.67 1.115 6.320 26.93 0.74 2.234 5.539
13.24 5.86 1.081 6.333 25.99 0.76 2.100 5.469
13.12 6.20 1.012 6.275 25.89 0.76 1.847 5.537
12.93 6.18 1.002 6.186 24.29 0.80 1.818 5.170
12.76 6.22 0.981 6.107 22.24 0.86 1.751 4,902
12.71 6.40 0.949 6.080 20.73 0.91 1.658 4,573
12.07 5.55 1.041 5.774 27.07 0.67 1.949 5.234
11.92 5.49 1.038 5.701 25.60 0.70 1.940 4,992
11.83 5.52 1.026 5.662 22.67 0.78 1.896 4.790
12.07 5.90 0.979 5.775 19.63 0.92 1.743 4.496

9.94 5.36 0.887 4.754 29.83 0.50 1.472 4.872

9.98 5.39 0.887 4,776 24.01 0.63 1.459 4.614
10.14 5.42 0.896 4.853 20.91 0.73 1.485 4.421
10.01 5.45 0.879 4.790 18.34 0.82 1.441 4.072

9.55 5.52 0.828 4.569 17.62 0.82 1.308 3.815

8.20 4.48 0.875 3.922 27.45 0.45 1.427 4.412

8.02 4.59 0.835 3.835 2259 0.54 1.325 4174

8.11 4.68 0.828 3.879 19.30 0.64 1.308 4.061

8.08 4.64 0.833 3.866 16.84 0.73 1.322 3.835

8.36 4.92 0.813 4.001 15.96 0.79 1.273 3.545

F.5 R507A Mix-angle BPHE Unit
Observations

RTD1 RTD2 RTD3 RTD4 Trimec WIKA 1 WIKA 2 RS1 RM

T w, out T w, in T r,in T r, out Q r P r, out P r,in Q w AP r
T T T T I/min kPa kPa l/sec kPa

12.14 16.32 8.36 8.70 6.027 726.2 735.7 0.8025 4.019
12.23 16.32 8.41 8.80 5.560 726.4 735.3 0.8024 3.152
12.18 16.30 8.29 8.87 5.151 723.3 731.6 0.8001 2.565
12.21 16.29 8.28 8.83 5.108 722.4 730.6 0.7970 2.476
12.65 16.28 9.09 9.40 6.639 744.1 754.1 0.7957 4.179
12.70 16.27 9.07 9.42 5.852 743.3 752.5 0.8037 3.187
12.80 16.28 9.19 9.58 5.301 745.1 753.7 0.8043 2.505
12.63 16.25 8.77 9.55 4,724 736.2 744.1 0.8068 1.687
13.31 16.26 9.53 9.78 7.273 754.1 764.3 0.8078 4572
13.25 16.29 9.86 9.99 5.634 756.0 764.7 0.7936 2.875
13.34 16.28 9.96 10.22 4.768 759.1 767.0 0.7919 1.865
13.33 16.28 9.64 10.21 4.402 753.6 761.1 0.7919 1.307
13.30 16.27 9.41 10.95 4,172 748.0 755.3 0.7926 1.057
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13.87 16.30 10.57 10.68 7.060 775.9 785.6 0.8008 4.057
13.80 16.26 10.50 10.66 5.415 773.8 782.3 0.7984 2.503
13.82 16.26 10.45 10.65 4.540 771.6 779.4 0.7977 1.780
13.83 16.24 10.37 10.90 3.844 771.4 778.6 0.7962 0.869
13.76 16.19 9.69 14.10 3.698 754.7 761.9 0.7969 0.477

Calculations
Qcoolling LMTD U q Gr Xout hr APfric, expe
Kw T KWim2K)  kw/m*  kg/(m®s) — KW/(m?K)  kPa

14.03 5.29 1.270 6.712 26.11 0.81 2.133 5.775
13.76 5.27 1.250 6.584 24.08 0.86 2.078 5.287
13.81 5.28 1.252 6.606 22.32 0.93 2.086 5.034
13.59 5.32 1.223 6.504 22.13 0.92 2.008 4.969
12.08 4.85 1.191 5.779 28.68 0.63 1.923 5.381
12.00 4.88 1.176 5.743 25.28 0.72 1.879 5.031
11.70 4.81 1.164 5.598 2289 0.77 1.846 4.769
12.21 4.97 1.176 5.844 20.43 0.90 1.876 4.414

9.98 4.83 0.988 4.776 31.37 0.48 1.438 5.205
10.08 451 1.069 4.824 24.27 0.63 1.623 4.824

9.75 4.41 1.059 4.666 20.53 0.72 1.600 4.436

9.78 4.61 1.016 4.681 18.98 0.78 1.504 4.141

9.86 4.41 1.071 4.718 18.00 0.83 1.626 4.058

8.11 4.18 0.928 3.881 30.33 041 1.314 4.811

8.22 4.17 0.943 3.934 23.27 0.54 1.345 4.527

8.13 4.22 0.922 3.892 19.51 0.63 1.305 4.417

8.04 4.17 0.923 3.845 16.53 0.74 1.306 3.967

8.12 2.85 1.362 3.884 15.94 0.77 2.404 3.688

F.6 R507A High-angle BPHE Unit
Observations

RTD1 RTD2 RTD3 RTD4 Trimec WIKA 1 WIKA 2 RS 1 RM

T w, out T w, in T r,in T r, out Q r P r, out P r,in Q w AP r
T T T T I/min kPa kPa l/sec kPa

12.00 16.29 8.94 9.38 5.943 737.5 747.8 0.8019 5.013
12.67 16.26 9.67 10.00 6.510 757.8 768.3 0.8023 4.946
12.59 16.26 9.60 9.95 6.015 755.4 765.4 0.8012 4.394
12.65 16.27 9.63 10.05 5.276 755.1 764.8 0.8004 3.654
12.69 16.26 9.42 10.18 4.590 749.0 757.9 0.8007 2.925
12.60 16.24 9.19 12.54 4.474 743.2 752.0 0.7997 2.734
13.32 16.27 10.23 10.39 6.143 766.6 776.8 0.7996 4.470
13.22 16.26 10.15 10.36 5.733 765.1 775.0 0.8007 3.918
13.31 16.25 10.19 10.50 4.742 764.2 773.3 0.7992 3.000
13.28 16.26 10.08 10.57 4.437 761.1 769.9 0.7995 2.674
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13.31 16.25 9.95 10.68 4.274 759.1 767.8 0.7992  2.505
13.28 16.30 11.65 11.88 7.073 794.8 805.4 0.8043  5.139
13.13 16.29 11.48 11.74 5.598 788.6 798.1 0.8049  3.672
13.12 16.25 11.27 11.73 4.795 785.5 794.4 0.8043  2.852
13.13 16.24 11.08 11.73 4.668 782.4 791.0 0.8033  2.417
13.85 16.28 12.13 12.38 7.351 808.8 819.3 0.8024  4.830
13.89 16.29 12.27 12.46 5.963 808.6 818.2 0.8022  3.586
13.73 16.28 12.06 12.35 5.364 805.9 815.0 0.8024  2.933
13.93 16.29 12.31 12.60 4.428 808.3 816.7 0.8019  2.280
13.86 16.23 11.43 12.41 4.113 788.3 796.3 0.8012  1.598
Red colored data not stable for heat transfer rate.

Calculations
Qcoolling LMTD U q Gr Xout hr AI:)fric. expe
KW T KW/m2K)  kw/im* kg/(m*s) — kKw/(m?K)  kPa
14.37 4.52 1520 6.876 25.69 0.84 2.398 6.781
12.05 4.24 1.360 5.764 28.06 0.65 2.020 6.157
12.29 4.25 1.383  5.879 2593 0.72 2.072 6.032
12.13 4.23 1.371  5.802 22.75 0.81 2.046 5.891
11.98 4.35 1319 5.731 19.80 0.91 1.932 5.694
12.20 3.41 1.714  5.836 19.32 0.95 2.916 5.609
9.88 4.16 1137  4.727 26.42 0.57 1.565 5.925
10.18 4.15 1174 4.871 24.66 0.63 1.635 5.714
9.85 4.12 1.144 4711 20.40 0.73 1.578 5.538
9.96 4.15 1.149  4.768 19.10 0.79 1.587 5.443
9.82 4.20 1.120 4.701 18.40 0.81 1.532 5.385
10.16 2.59 1.879 4.861 30.26 0.51 3.421 5.823
10.65 2.65 1.923  5.096 23.96 0.68 3.570 5.584
10.55 2.79 1.810 5.046 20.54 0.78 3.199 5.375
10.46 2.93 1.709  5.004 20.01 0.80 2.897 5.032
8.16 2.48 1574  3.904 31.39 0.40 2.529 5.213
8.05 2.37 1.627  3.853 25.45 0.49 2.667 5.089
8.56 2.45 1.671  4.094 2291 0.57 2.790 4.921
7.92 2.32 1.634  3.792 18.90 0.65 2.688 4.901
7.96 2.90 1.313  3.810 17.61 0.69 1.917 4.454
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Appendix G Sample Calculation: Refrigerant
Evaporator Tests

A sample calculation for the refrigerant evaporaésts is given, according to the
data reduction method as specified in Section Bt8s sample calculation is
based on the first set of measurement readingheoR{l34a test on the Low-
angle PHE £ = 28°/28°). The experimental readings can be fanr&ppendix F
(first line in Section 1 in the subsection oDbservations Some selected
calculation results are also givenAppendix Hin Section 1in the subsection of
Calculations)

Constants

Plates:
A=209 nf, A, =368 10 rm | = 0519 m,= 351n

Ny =12, N, = 11.

System:

R, =0.03x10° nfOK/W,R,, = 0.04 10 A0 KWy, = 0.66
R134a:

M =102 kg/kmol,P,, = 4059 kP@, = 127 = 18.5@/m°,
M, = 0.0002467,1, = 0.00001104, Pacs, = 1362 JIKQY

k, =0.08876 W[ nJK ,0= 0.01050 N/m

Heat Transfer Parameters

_ 0.7977x 999.4
0= MG T T o) T 9995
Qcoolmg w ~p, W( w, in W, OUD 1000

DP., = P, nOhe, =1272% 9.7% 0.66 8.219 ki

4192x(14.66- 10.86= 12.70 k'

AT = 725 07647Apleg: 7.25 07647X8.219: 0.6330° ¢
(P, +atm) (298.4+ 82.7 °
Q.= mrcp’ATsub:%zﬂ.%Ox 0.633% 0.09153 k

Te=T,n+AT,,=6.785+ 0.633 7.418

sub™

224



(Tun = Toow) = (Twou= T _ (14.66- 6.85-( 10.85 7.2

(T~ Toae)/(Twrau— To) I ((14.66- 6.83 (1085 7_4;:5'323 C

LMTD =

Qcoolmg _ 12.70 =1.142 kW/( nf D@
“ALLMTD  2.09x 5.323

Gd, _ 07977 999.4  3.5¢ 10

Re, =—" = 2 x =582.5
4 1000x 3.6¢ 10°x 11 0.001213

HC, _0.00121% 4192

Pr, = = 8.68¢
k 0.5852
Nu, =cRe™ PP®*= 0.058 582%5° 8.689°= 17.
h, = Nu,, k _17.28x 0.5852 5 881 kW,( an)
dh 0.00351
Qeooling _ 12.7
= =g =" =6,077 kW( ntO
T="A 209 ( nf OK)
G, = m, = 5.015x 1272 24 61 kg( nm#
AN, , "~ 60x1000% 3.6 10 x
— Q.cooling _ 12.7 _
Xout - ifgmr - 193 MMZ— 06176
" 60x1000
h=71—71 - i —) : =2.181 kw( nfOK)
— = =Ry~ R — = -0.00003- 0.00004
U h 1142 2881

Pressure Drop Parameters

Poive, eiev= 2 1,119 pipe, ete=1272% 9.7% 0.4F 5.853 kF
(see Figure 6.1 for the pipe elevation)

AP = AP o+ P e e 4.765+ 5.853= 10.62 kF
_ppy Lo xa(n-l
AI:)elev - In
Pr =Py Xoww ~ Xin 1+ Xin (fg—l)
1+0.6197 (1210 —
_1270x18.59 0.518 9.79 (32-3_ 0.5810 kP:
~1270-1859  0.6197
AP, o= G2 (X = X 1) 11 =24.67 x 0.619?(—1——13 = 0.01989 ki
Py Py 18.59 127
G,y = m  _ 5.015¢ 1272 4818 ( kg/m? D%
imD " "~ 60x1000< 0.2% 3.142 0.033
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G 2 G 2
AI:)port Shah_ O 7 —== + O 7 e
pr, in 2pr out
48.18 +0.75 48.18

2x1272 2){0.6197+}o.e‘>19j‘l
18.59 1270

= 0.02996 KkF

AP, inlet pipe (liquid only)

Gy = 5.015¢ 1272 ~776.8 kg ni 0}
1/d? 60x1000< 0.2% 3.142 0.0132

R e = == 4156
4, 0.0002467

0.184 0.184
f= = =0.0219:
Re%? 415647

2
fnc plpeln_ fd:[EG j 0.0219% 1.12 X( 7768 ;: 0.4414 KF

0.0132 | X 127
2
AP, pipe.m=fté5j G- =0.0219% 16& 776.8 = 0.8323 kF
' d e 20 2x1272

(excluding the inlet connection)

4
AP [ Soven |y [ Gopen| |- _[ 7768 1_( 0.0133 :
acce, COnneCthn-ln 2pf d port 2)( 1270 0.053

=-0.2367 kPa

G2
AF)fnc connection- |n_ K [E ZPIDQ'IHJ =
Ps

(K =[1-(d/ D)ZT :[1—(0.0132/0.05)32}2 = 0.8 see Table 4.1 )

8x 776.8 = 0.2091 kP
2x1270

AI:)pipe—in = AI:)fri(:, pipe-in +A I:>Iocal pipe-in +AP acceonnection—in+ A I:)fric, connection-i
=0.4414+ 0.8323 0.2367 0.2091
=1.246 kPa

AP, outlet pipe (two-phase)

0.2 18 0.2 18
2| K (1—xj &:( 0.0002463 x( t 0.617}5 . 181
! Uy X yor 0.0000110 0.6176 127
=0.01150
m 5.015x 1272

L =150.4 kgl nfO
pipe-out %ﬂd 2 60x1000x 0.2% 3.142 O. 63 g( #
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G(1-x)d_150.4( 1+ 0.617p< 0.03

Re, = 26994
U 0.0002467

0.184 0.184

fe = = =0.0313:

" Re %2 69942

AP = f, dtgi 0.03130¢ 0:43, 1504 (- 0.617F

2p; 0.03 2% 1270

=0.0005846 kPa

pr=1v vt 120 1 oo

X, Xg° 0.0115° 0.0115
APy oeoun = AP [p,? =0.0005846« 274.5 0.1605 ki

2(1-%)* . .
y [éLj G*(1-%)" | _ 5 0319 g 204X (E 0.617f
d) 20, 2x1270

=0.002447 kPa

B 0 0.5 0 05 0 0.5
C ee-branc = A +(cC _A 1__9 — T —
Tee-branch i ( 2 )( pfj ][(Iog] (pfj }

B 0.5 05 0.5
=| 1+(1.75- J)( 1—@j (ﬂ‘g +(ﬂ =14.63
1270 18.5 127

C 1 14.63 1

AP,

f, Tee-branch™

2 _ 1 + —~Tee-branch 4. =1+ ’ + =224.4
. ee-branch ) X2 0.0115°* 0.0115
AI:)Tee branch, pipe- out_ AP f, Tee—bram f, Tee—braicﬁ 0.00244% 224.# 0.5491 ki
AP,

f, ball-valve

2 _ 2
_ [éLj G*(1-%)" | _ 0313 26504 x(E 0.617p
d eq 210f

=0.0008157 kPa

C e = I (c,=4) (1‘,% H(z_j E (Z_fgj ]

r 0.5 0.5 0.5

=|1+(1.5- 1)(1——18'59j ( 1273 +( 18'53 =12.54
1270 18.5 127

Cball—valve+ 1 =1+ 12.54 + 1 =204.¢C

X2 0.0115° 0.0115
?=0.000815% 204.8 0.1671 K

f, Tee-bracl f, Tee-branch

2x1270

2
(of, ball-valve 1+
tt

AP, =AP

ball-valve, pipe-out

-1
p = X, 1=x (o 6176, T 0617? =20.83 kg/r
Py P 1859 1270
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N 4
AP . = M 1- d pipe-out - 150.4° 1_( 0,03;
acce, connection-out 2pm d port —ZX 29'83 —0'05
=0.3402 kPa

G? 2
AI:)fric connection—out= M = OBX ﬁ = 01137 kP
' 20, 2% 29.83

(K =0.3,see Table 4.1 )

=AP +AP
+APfric, connection-out

=0.1605+ 0.549% 0.16/44 0.34862 0.1137
=1.331 kPa

AP,

pipe-out

+AR +AP

fric, pipe-out Tee-branch, pipeto ball-valve, pipe-out acce, connectiont(

Frictional Pressure drop in PHE

AI:)fric = AF)tot _AF)elev_A F)a(:ce_A F)port_A I:)pipe—in_A I:)pipe—out
=10.62- 0.5816- 0.01989 0.02996 1.246 1.
=7.412 kPa
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Appendix H

MATLAB Program Flowchart: Water
Test Heat Transfer Coefficients

( Start )

A4

input: B, @ dp, A coids Achhotr A Ruai

input: Thot, in» Thot, out? Tcold, in Tcold, outr Mot Meold

\4

_m

hot

q 'f ¢ dt
hot = A .0, P

_ mcold J‘Tcom.om

Ucoid =

0 = Upot

v

cpdt

AT1=Thotin = Teoid,out LMTD = AT1-AT2

) AT1
AT2=T =T coidi In| —
hot,out cold,in [AT 2]

" LMTD

A\ 4

T 1
Tcold - E(Tcold,in +Tcold,out)

1
Thot 2 (Thot,in + Thot,out)

\4

Using the mean temperature T4 and T, , find:

locoldY Cp, cold’ Iucold' kcold
lohmY Cp, hot» ﬂhot' khot

v

d He
Recold = [ﬂ] M Prcold = [Jj
H cold A k cold

c,cold

_[ PR ] 090 [,uc j
Re ., =| — Pr —
hot [ U oot Ac hot hot — K
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!

M=[0.01 0.02 - 2]

0to2by0.01
(201 elements)

v
for
» jfrom 1to 201
by 1
v
m =M(j)

n = number of elements of q

for
ifromlton <

Twaipot (1) =T1
Twall,cold(jr:) =T2

v

1 1
+

X =

hOCold hOHot

1
y :U_Rwall

I

find the best fittina curve for:
y =ax

2 (xiy)
PR
SSE = (ax; —yi)2
SST =3 (y,-7)’
SSE
n-1
SSE

R -square(j)=1-——
quare(j) =1- 2=

a=

RMSE(j) =

Least square regression
at fixed m, to find the
leading constant c in:

1 by 1

v

T2 (i)=40
e=01
count =0

v

while

Initial values
for iteration.

e>0.01

A4

T1()=T2 (@) +q (1) Ry

A4

ﬂwall,cold (') = ﬂ(T 2 ('))
Hyanpot () = ﬂ(Tl(i))

kcold
dh cold

hO,CoId () ={

. k
hoper () { ot

Re y"

16
EIRehoth’rhotl/B[ = ]
Iuwall,hot ;

16
Pr Idl/s[ Heold ]
coil
/Iwall,cold .
i

hot

A4

e=T2(@i)-T2' (i)
count =count +1

T2' (i)= [Tcold +(Thot -T1)

hO,hot :|
hO,cold i

v

T2()=4[T2()+T2]

]

If iteration > 100 times,
Stop and look for a

better iterative formula.

Yes

230



|

for
- ifrom1to 201
by 1

\ 4

T1=T yainot(bESM,)
T2 =T a0,co(DESM,)

v

HMwallcold = ﬂ(T 2)
ﬂwall,hot = //(Tl)

v
bestM =i K ve
No = hcold = —cold DRecoldmPrcoldﬂ3 uCOId
m= M(beStM) dh /Iwall,cold
¢ =C(bestM) e
hh .= I(hot EIReh tm Prh t1IJ3[ Hhot ]
0 0 0
dh luwall,hot
\4
dh
Nucold = hcold Br
cold
dh
Nuhot = hhotr
hot
v
End
Variables list (hames are case-sensitive)
Variable Name in Matlab Description Variable Name in Matlab  Description
A AHeatTransfer ~ Total heat transfer area 9eold gCold Heat .Ioad,
_mt2
Ac,cold AcCold A hot gHot a= K t1 det
Flow cross-section area
Wall thermal
Achot AcHot R wa Rwall resistance
Cp cp Specific heat Re Re Reynolds number
dy dh Hydraulic diameter T cold,in TColdIn
Temperatures of hot
K wall kwall Wall thermal conductivity T cold out TColdOut and cold streams at
inlet and outlet
Log mean temperature ) in
LMTD LMTD difference Thotin THotin
Mo massFlowCold Thotout THotOut
) Mass flow rate
Mot massFlowHot B beta Chevron angle
Nu Nu Nusselt number Owall wallThickness Wall thickness
Pr Pr Prandtal number [ fai Enlargement factor
Qcold voluFlowCold . U miu viscosity
Volumetric flow rates
Qhot voluFlowHot ) rho density
Heat load,
a q

9 =% (%hot +co)
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Appendix |  Uncertainty Analysis: General
Theory, the ASME and ISO
Methods

[.1 Introduction
.2 Basic Mathematics of Uncertainty Calculation
I.3 Traditional Classifications of Errors: Random angt8matic Errors
.4 The ASME Method
1.4.1 Types of Errors
1.4.2 Precision ErrorP
1.4.3 Bias Error,B
I.4.4 Combining Errors
1.4.5 Uncertainty of a Parameter
1.4.6 Uncertainty of a Result
.5 The ISO Method (GUM Method)
[.5.1 Basis of GUM
[.5.2 Terms Used in GUM
[.5.3 Type A Evaluation of Standard Uncertainty,
I.5.4 Type B Evaluation of Standard Uncertainty,
I.5.5 Combined Standard Uncertainty
I.5.6 Expanded Uncertainty)
Additional References

.1 Introduction

All measurements have errors, due to measuremeuegures, instrumental
inaccuracy, and environmental influences. By da@ni errors are the
differences between the measurements and the tleesy Even the most
carefully calibrated instruments will have errols.practice, the true values of
measured quantities are rarely known, thus, thé does can do is to obtain the
“best estimate” of the true value, along with tistireate of the error. This is the
task of uncertainty analysis. Uncertainty analysismperative when using data
directly or in calibrating or validating simulationethods (Stem et. al., 1999).

The fact is that until today, there is not a uniioand unambiguous method of
uncertainty analysis, though some general mathemafpplies to all possible
methods. There are two widely accepted methods te organizations: the

ASME method and the ISO method. The main differebeéveen the two

methods is the way in which the random and systiematertainty estimates are
handled (though the terms “random” and “systemadic® not recommended in
the ISO method). Moffat (1982, 1985, and 1988) alsiposed a method but his
approach is not consistent with either of thosenddieds. Other approaches
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include those of NIST and AIAA, as briefly introceet by Coleman and Steele
(1995).

The ASME method was briefly described by Abernethyal. (1985) and the
updated revision can be found in the standard: ANSVME PTC 19.1, 2005. ISO
published the document “Guide to the Expression Wicertainty in
Measurement” in 1993, revised in 1995 and usuafgrred to as the “GUM”
method. This method was developed by a joint cotemibf seven international
organizations (BIPM, IEC, IFCC, ISO, IUPAC, IUPAmdA OIML) and is
gaining wider applications.

Steele et al. (1994) made a comparison betweetwheanethods applying the
Monte Carlo techniques in a series of example exyats. It was shown that the
ISO model is more consistent in providing an uraety interval. Coleman and
Steele (1995) represented (but not with the sam@rnelogy) a discussion of the
assumptions and approximations used in the methddso a brief overview of
uncertainty analysis. Also found in Kirkup ‘s wettiée, the ISO method is well

summarized and represented. Another good literatanerce is the UKAS

(United Kingdom Accreditation Service) documentrmeasurement uncertainty
(Publication reference: M3003, 2nd edition, 2007).

The 1ISO method of uncertainty analysis is folloviethis study.

.2 Basic Mathematics of Uncertainty Calculation

Kline and McClintock (1953) showed (as describethmarticle by Moffat, 1988)
that the uncertainty in a computed result coulcestgmated with good accuracy
using a root-sum-square (RSS) combination of thectf of each of the
individual inputs. This treatment is shown below.

The result of the experiment is assumed to be bl from a set of
measurements using a data interpretation program:

R=R(X, X, ..., X ) (1. 1)
The effect of an error in one measurement on ttor of the calculated result is:

oR, =£5Xi (. 2)
b0X,
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The termaaTR is often called theensitivity factor(or sensitivity coefficieftand
denoted ag;. When several independent variables are useckifutictionR, the
terms are combined by a root-sum-square method:

5R:\/Z(:7R5X j (1. 3)

i-1 i

This single equation is the basic equation of alypes of uncertainty analysis
Equation (I. 3) applies when:

1. Each measuremenXj is independent,

2. Each measurement fits a Gaussian distribution,

It would be straightforward in applying Equation ) to the following two basic
conditions:

1. for R= X+ X,,

SR=(6%,)7+(6X%,)’ (1. 4)

2. for R= X, X,,

SR=[( X, BX,)2+( X,[B X,)? = Rj{/(iz(lj {5;(2} (1. 5)

Note that Equation (I. 5) applies alsofRo= X,/ X,, this can be proved by:

aR_ aR_ X,

1

1 X 2 XZ,
1o Xi sy ) X [[0%) (9%
X, % —x22 2 X, U X, X,

In general, when an equation describing the resulispure ‘product form’, then
therelative uncertainty can be found directly. That is, if

-

R= X,* X, X, " (I. 6)
R ox. ) (.ox,) sx \°
—— =l a 11 4+ b 2 | 44| M0 (. 7)
R X, X, X,
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This can be proved by:

oR :xzb---xnm[axla'1= R_a 5
0X, X,
oR 5X, =R oX,

0X, 1

apply the same principle to other terms, substitote Equation (I. 3), and the
result is Equation (I. 6).

There is no particular difficulty in the evaluatiohEquation (I. 3), provided that
eachdX; is known. The central problems are the assignmktiite proper value

to the uncertainty of each input item and the selecof which items to be
included in the analysis. This is where the variomgthods differ from each other.
It is important to recognize that Equation (I. Pphes regardless of different
methods used for uncertainty analysis.

In most situations, the overall uncertainty is doateéd by only a few of its terms.
Terms that are smaller than the largest term actof of 3 or more can usually
be ignored. This is due to the RSS combination:llstaems have very small
effects (Moffat, 1988).

.3 Traditional Classifications of Errors: Random and
Systematic Errors

Errors are traditionally classified as random aostegnatic. Random errors (also
called precision errors) follow a Normal distritmuti (Gaussian distribution), and
so can be determined by statistical tools. Systenetors (also called fixed
errors, bias errors) are fixed in repeated trials réadings) at a measurement
point, and cause the measured value to be condystmove or consistently
below the true value.

Briefly, an instrument’s bias error is the diffecenbetween the average and true
values, the precision error is the scatter aboaithilas. In other words, if only
random errors exist then the mean of an infinitenber of readings will be the
true value. On the other hand, if only systematrors exist then there is only
one reading (no scatter and all readings are ame)teat reading is away from
the true value by the systematic error (so it ibeda‘bias”). Precision can be
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improved only by selecting another measuring deuvicg bias error, if known,
can be eliminated by correction. A particular dewtan be considered precise but
biased, or biased but precise.

.4 The ASME Method
[.4.1 Types of Errors

At a single measurement point, the total errorthh@scomponents, bias errds)(
and precision error$?j. The total error is then expressed as:

6=B+P (I. 8)

Both the bias and precision are presumed to represatistical properties of a
Gaussian distributed data set.

|.4.2 Precision Error, P

The precision erroP can be determined by statistical tools, from a lnenmof
repeated measurements. In the ASME method of wogrtanalysis, it is
assumed that measurements without bias error \eiresent a Gaussian
distribution around the true value of the parameiéws, the true value is the
population mean. However, because the populatiendminfinite number of
measurements, the population mean can only beastihby a sample mean, and
this brings the application of the Studenttdistribution.

The Student’s-distribution (ort-distribution) is a probability distribution usugll
used to estimate the mean of a Normal populatioermthe sample size is small.
For a sample of sizedrawn from a Normal population with meamnd standard
deviationg, the quality

_X-U
== (1. 9)

has a distribution withn -1 degrees of freedom, where tkes the sample mean,
sis thesample standard deviaticand is called the “precision index”:

n

DX, (1. 10)

i=1

X =

Sl
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1 —\2
S=, [— . —X .11
MR (.12
Since the true value of the variable is the poputaimeanu, the error between
the measured value and the true value, defineldeagrecision errap, is:

1S
P—t\/ﬁ (I. 12)

The student’s value is a function of the degrees of freedomhefdata set, and
can be found in statistics and probability refeeeshooks. For a sample sizerpf
the number of degrees of freedonvis n—1. t value is always associated with a
confidence level, it is a common practice to choasé¢ value where the
confidence level is 95% in the two-tailed t-tabies usually set equal to 2 for
large samples, as a general rule, when30.

[.4.3 Bias Error, B

The bias erroB is constant during a given set. In repeated measemts of a
given set, each measurement has the same bia® iShey statistical equation to
calculate the bias error; instead, it must be edtoh from the best available
information (Moffat, 1982). The estimation of th&b error is not an easy task
since the true value is not known. Calibration infation and comparison of
measurements by different methods can helprbgeneral the estimate of bias
must be based on judgment and is often subjectivend hard to quantify or
defend rigorously. Usually one must rely on the ieegring judgment of
instrumentation and measurement engineers to pFa@ndupper limit on the bias.

The bias errors include those which are known ardlme calibrated out, those
which are negligible and can be ignored and thobk&lware estimated and
included in the uncertainty analysis. An exampleaobias error is the sensor
uncertainty as specified by the sensor manufactiresome cases an instrument
will be calibrated against a known standard, areptecision of the calibration
(being arandomerror in the calibration procedure) can be usedrasstimate of
thebiaserror.
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[.4.4 Combining Errors

In the measurement of a parameter, errors can fdee many sources; these
basically include calibration errors, data acqigsiterrors, and data reduction
errors. For each of the sources there will be biad precision components. To
obtain the precision of each measured value (kkeperature, pressure, or flow
rate), the root sum square (RSS) method is usedrtibine the two components
from thek sources of error.

p:\/(|312+ P2 +...+ R?) (1. 13)

B=,/(B2+B,%+..+ B’ (1. 14)

[.4.5 Uncertainty of a Parameter

Now the precision error and bias error for a meagyrarameter are obtained. To
express the total error for that parameter usingingle numberU, the two
components need to be combined. The expressiaimdomeasured value, in the
form of an interval within which the true valuetbe parameter is expected to lie,
is:

X +U (I. 15)

Two methods can be used to combine the bias eritbr thve precision error,
addition of the two components (ADD) and combinatioy root sum square
(RSS). It remained an argument as which methodlgdhioe used till the late
1970s. The NBS (National Bureau of Standards, US#9gested in late 1980
that either method should be accepted if:

1. the bias and precision components are propagapedagely from the

measurements to the final test result,

2. the method of combination is clearly stated.

(Abernethy et al., 1985)

It is not possible to define a rigorous confidefeeel for either method because
the bias is an upper limit based on judgment whiak unknown characteristics.
It is usually recommended the ADD method has a @8%idence level and the
RSS has 95%. Thus
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U,pp =B+P with 99% confidence leve

(I. 16)
Ugrss=VB?+P? with 95% confidence leve

[.4.6 Uncertainty of a Result

A result is derived by measured parameters thrabhghfunctional relationship,

and errors of independent variables propagate tinéo result. The bias and
precision error are kept separate until the lagi sf computing the uncertainty of
a result. The precision and bias errors of a remdtcalculated separately by
Equation (I. 3). Thus if the result is a function ioflependent parameters:
R=R X, X,,..., X,), the precision error of a result is given by:

Pr :\/Z:,[:TR Pxij (I.17)

and the bias error of a result is given by:

Br =\/Zl[:7R Bxij (1. 18)

Again the total uncertainty of a result is giventhg two models of ADD and
RSS.

1.5 The ISO Method (GUM Method)

The ISO method is generally referred to as the GUdthad, as an abbreviation
of the standardsQuide to the Expression of Uncertainty in Measureijntrat
describes this method, and this term will be usettié following.

.5.1 Basis of GUM

1. Uncertainties are categorized in two ways accordioghow they are
estimated:
Type A: evaluated by the statistical analysis of a sexfeseasurements,
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Type B: evaluated by other means.
The traditional classification of uncertainties, fdam” and “systematic”
errors is not recommended by GUM.

2. Combined uncertainty of the two types is calculdigdaking the square root
of the sum of the variances due to Type A and TB/p&acertainties.

3. In situations where it may be necessary to qudimafidence level” within
which the true value of the measurement is likelyi¢, a coverage factar
shall be stated.

.5.2 Terms Used in GUM

Standard uncertainty, u
Uncertainty of the result of a measurement expreasea standard deviation.
Combined standard uncertainty,uc
The positive root of the sum of the variances ofsfamdard uncertainties of
all contributing quantities (whether these be Typer Type B uncertainties).
Expanded uncertainty,U
Quantity defining an interval which is expectecetwompass a confidence
level (usually 95%)
Coverage factor k
This is used to obtain the expanded uncertaltygiven the combined
standard uncertainty.. Specifically,

U =k, (I. 19)

For an expanded uncertainty where the confidenad ie 95% k usually lies
between 2 and 3.

[.5.3 Type A Evaluation of Standard Uncertainty,ua

It is assumed that repeated measurements of a ityuahtwill represent a
Gaussian distribution. The best estimate of the trakie is found by the
arithmetic mean of the measurements fromeasurements:

X = i=1n (1. 20)
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To show the variability of the measured values & ¢uantityX, we use the
sample standard deviation

(I. 21)

The measurement of the variability of the meansifexperiment consisting of
measurements is repeated many times, then thédigin of means has its own
standard deviation) is represented by stendard deviation of the meafsften

called standard error of the means@X) :

S

NG

s(X) = (1. 22)

In GUM s( X) is called by a new ternstandard uncertaintyand represented by

the symbolu. Thus, if X is the best estimate oX, then the standard uncertainty
is written asu(X) .

[.5.4 Type B Evaluation of Standard Uncertainty,ug

Where the best estimate of an input quantity is determined by repeated
measurements, we cannot use the type A evaluatethaus to establish the
standard uncertainty. In such a situation to evalttee uncertainty we must use:

1. previous measurement data,

2. experience with or general knowledge of the behasitd properties of
relevant materials and instruments,

3. calibration certificates, manufacturers’ specificas,

4. data tables from handbooks.

An uncertainty determined in this manner is reféteeas a “Type B” uncertainty.
The proper use of available information for a Typeevaluation of standard

uncertainty calls for insight based on experienu# general knowledge, and is a
skill that can be learned with experience. It sddug recognized that a Type B
evaluation of standard uncertainty can be as Helias a Type A evaluation,

especially when a Type A evaluation is based oomaparatively small number

of statistically independent observations.

Care must be taken to ensure that the uncertastgiven in the manufactures’
specifications, calibration certificates, and soisrcorrectly interpreted.
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If (from manufacturer’'s specification, calibratiarertificate, handbook, or
other sources) the quoted uncertainty is statdskta multiple of a standard
deviation, the standard uncertaintyX;) is simply the standard deviation
(the quoted value divided by the multiplier).

If the quoted uncertainty is stated to have a clamfce level of 90, 95, or 99%,
one may assume a normal distribution of the quatedertainty, unless
otherwise indicated, and recover the standard teinéy of X, by dividing
the quoted uncertainty by a appropriate factorf@sa normal distribution,
the factor is 1.64, 1.96, and 2.58 for the abovestlhevels of confidence.

If the quoted uncertainty is stated as “there ¥@mchance that the quantity
X, lies within the interval of a- to a+”, one may @lassume a normal

distribution of the uncertainty oK, and recover the standard uncertainty

(standard deviation for that distribution).
In cases where only the upper and lower limits given, and there is no
specific knowledge about the possible valuesXofwithin the interval, one

f(x)
2a

|
Rectangle area = 1 e
| 2a

I
a- | a+ X
|

Figure 1.1: Rectangular probability distribution

Tritangle area = 1 ]

|
a- | a+ X
|

Figure 1.2 : Triangular probability distribution
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can only assume that it is equally probable Xgrto lie anywhere within it.
This is a rectangular distribution. Denoting thepeiplimit asa, and the
lower limit asa_, and every value between those limits is equalipable to

be the true value, as shown in Figure I.1. In garggular distribution the best
estimate ofo? is given by:

2
SZ:JZ:%; (1. 23)

wherea is the half width of the distribution.

The standard deviation, which is called the Typgtdhdard uncertainty, of
the rectangular distribution is:

u=s=-2 (1. 24)

N

* In cases when it is more realistic to expect tlaies near the bounds are less
likely than those near the midpoint, a symmetrapézoidal distribution
having equal sloping sides (isosceles trapezoid)assumed. Set the
trapezoidal base widthat+ —a- = 2a, and a top of width&s where &4<1. As
S —1 this trapezoidal distribution approaches the amgtlar distribution
(Figure 1.1), whilep = 0 it is triangular distribution (Figure 1.2). tAhis
distribution, the expectation (best estimation)>of is $(a_+a,) and the

standard uncertainty is:

1+ B*
6

u=S=

(I. 25)

» If the measuring instrument has a resolutiod®f a rectangular distribution
is assumed where the true valuean lie with equal probability anywhere in
the interval x—90x/2 to x+dx/2. And thus the standard uncertainty is

u :ﬁ =0.29x. (Gum F.2.2.1)

2./3

[.5.5 Combined Standard Uncertainty

Combine type A uncertainty with Type B uncertaintyfor the same variable
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This is the common situation where a quantity is suead using a calibrated
sensor. The Type A uncertainty is obtained by repesdisurements and Type B
uncertainty is evaluated by a manufacturer's spatibn or calibration
certificate. (GUM examples in 4.3.7 and 5.1.5)tHis case, The GUM method
treats the Type B uncertainty as providing bourdarn additive correction to the
measured quantitX and thus the quantity is expressed ¥ss X +AX. The
Type A uncertainty oK is expressed as(X) and Type Bu(AX), respectively.
Since the quantityX is now treated as the addition of two terms, tteendard
uncertainty ofX is the combined standard uncertainty of Type A dyde B
uncertainty (Equation 1. 4):

U (X)=JU X2+ (A X (I. 26)

Or, more generally, if the contributions tQ(y) of the Type A and Type B
standard uncertainties alone are denoted, respictiyy u. ,(y) andu, g(y),
the combined standard uncertaintyyafan be expressed as (GUM G.4.1, note 3):

U (Y) =yU2 (D + & oY (. 27)

Combined standard uncertainty of independent inputquantities

If quantity Y depends on independent quantities (i.e., note®)aX , X,, ...,
X inthe form:

Y = f(XL X2, Xy) (I. 28)

The standard uncertainty pf wherey is thebest estimatef the quantityy (take
note of the terminology) and thus the result of teasurement, is obtained by
appropriately combining the standard uncertaintéghe input estimates, ,

X,, ..., Xy . The combined standard uncertainty of the estimasedenoted by
u.(y) and given by:

UC(Y)z\/ZN:{%U(X)} (I. 29)

i=1

Note that this equation is the same as Equatids) ([Equation 10 in GUM), and
it can be deduced from this equation:
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1. for Y =X+ X,,
U (Y) = UZ(x) + U( %) (1.30)

2. forY=X;X,,orY= X,/ X,
U _ (w00 (w0 ) (.30)
y X X, '

[.5.6 Expanded Uncertainty,U

Expanded uncertainty U and combined standard uncertaintyu,

The standard uncertainty,, is the basic measure of uncertainty in the GUM
method. However, there are situations in whichsitpreferable to quote an
interval of confidencep (usually 95%) within which the true value will lie
Specifically, we can write:

Y=y+U (I. 32)

whereY is the true value of the quantityjs the best estimate &f andU is the
expanded uncertainty. The equation is also expressedasU <Y< y+ U.

The expanded uncertainty, is related to the combined standard uncertainty,
u.(y), by the equation:

U=k (y) (1. 33)

kis referred to as theoverage factor. In generalk is in the range 2 to 3.

It should be recognized that multiplying(y) by a constant provides no new

information but presents the previously availabl@imation in a different form.
It should also be recognized that in most casesetred of confidence is rather
uncertain, not only because the limited knowledfythe probability distribution
characterized by andu_(y), but also because of the uncertainty itself. (GUM,

6.2.3)

Coverage factor in type A evaluation of uncertainty
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If uc is determined through a Type A evaluation of utaiety, it is usual to
assume that the distribution may be applied when determining tliwerage
y-Y
uc(y)

factor, andt =

The Student’s-distribution (ort-distribution) is a probability distribution usugll
used to estimate the mean of a Normal populatioermthe sample size is small.
For a sample of size drawn from a Normal population with population mea
and standard deviatian the quality

_X-u
= (1. 34)

has at distribution withn - 1 degrees of freedom. In the equati¥nis the
sample mearsis the sample deviation defined by:

B T
s= n_12(xi X) (1. 35)

The student value is a function of the degrees of freedomhef data set, for a
sample size of, the degrees of freedomvs=n—-1. At the level of confidence
of 95% (i.e., the probability that the true valigslwithin a specified interval is
0.95), Table 1.1 gives the coverage factor for masi degrees of freedom. For
values ofv >10, k tends towards a value close to 2 and experimenfts use 2
as the coverage factor when the level of confiderqgeired is 95%. For level of
confidence of other values, for example, 99%, ttable can be consulted to find
out thek value with corresponding degrees of freedom. $igcfor v >10 andp

= 95%,k = 3.

Table I.1: Coverageattors in Type A evaluation of uncertail
at level of confidence of 95%

v 1 2 3 4 5 B 7 8 9 10
k| 12706 | 4303 | 3182 | 2776 | 2571 | 2447 | 2365 | 2306 | 2262 | 2.228

In the situation ofY = f(X,, X,,---, X;) where the estimate for each of
X, X,,+, X Is obtained from a different number of repeatedeobations, to

obtain the coverage factor for,(y), the effective degrees of freedom,,, shall
be calculated using the Welch-Satterthwaite formula
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A GY)
eff ZN:ui4(y)

14

(1. 36)

wherev;, is the degrees of freedom of, , andu,(y) :g—f u.(x).
X.

I
Coverage factor in Type B evaluation of uncertainty

If ucis determined through a Type B evaluation basedroassumed probability
distribution, thek value is not evaluated by thelistribution. For example, when
u(x) is obtained from a rectangular probability disttibn of assumed half-width
of a, u(x)=a/\/?3 is viewed as a constant with no uncertainty (ihee,uncertainty

has no uncertainty for itself). The expanded umdety of a 95% level of
confidence is simply 0.9&, or k =1.65 using the equation df =ku(X) .

In the situation ofY = f( X1, X2,--, X ) whereu(x;) are obtained from both
Type A and Type B evaluations, the probability wlgttion of the function
t=(y-Y)/u(y can still be approximated by thedistribution. the Welch-

Satterthwaite formula also applies, and the degoféeseedom for a standard
uncertainty which is determined by a Type B evatumis assigned by:

_ifu Y
V_Z[Au} (I. 37)

whereAu is the standard deviation of the standard uncgytaandAu =0 for
rectangular distribution. Alu=0 it follows thaty =, in such a case, any
term in the Welch-Satterthwaite formula with aninite number of degrees of
freedom is zero.

Additional References

Abernethy R.B., R.P. Benedict, R.B. Dowdell, ASMEcasurement uncertaintyournal of
Fluids Engineeringvol.107, pp.161-164, 1985

BIPM, IEC, IFCC, I1SO, IUPAC, IUPAP, OIMLGuide to the Expression of Uncertainty in
MeasurementSO/1995, ISBN: 92-67-10188-9, First Edition 1993

Coleman H.W. and Steele W.G., Engineering appbicatf experimental uncertainty analysis,
AIAA Journa) vol.33, no.10, pp.1888-1896, 1995

247



Kline S.J., The purpose of uncertainty analydmjrnal of Fluid Engineeringvol.107, pp.153-
160, 1985.

Kirkup L., Calculating and expressing uncertainty measurement, Downloaded from:
http://www.science.uts.edu.au/physics/uncertainfy.p

Moffat R.J., Contributions to the theory of singleample uncertainty analysidournal of fluids
engineeringvol.104, pp.250-260, 1982

Moffat R.J., Using uncertainty analysis in the pleag of an experimentJournal of Fluids
Engineering vol.107, pp.173-178, 1985.

Moffat R.J., Describing the uncertainties in expemtal reportsExperimental Thermal and
Fluid Sciencevol.1, pp.3-17, 1988.

Steele W.G., R.A. Ferguson, R.P. Taylor, HW. CaantComparison of ANSI/ASME and 1SO
models for calculation of uncertaintfgA Transactionsvol.33, pp.339-352, 1994

Stem F., Muste M., Beninati M-L, and Eichinger W.Bummary of experimental uncertainty
assessment methodology with example, IIHR TechnikRaport No.406, lowa Institute of
Hydraulic Research, College of Engineering, Thevigrsity of lowa, 1999.

UKAS, The expression of Uncertainty and Confidence in ddesment UKAS Publication
reference: M3003, 2nd edition, 2007.

248



Appendix J Uncertainty Analysis: Sensor
Calibration

The accuracy of a sensor can be obtained throutpereihe manufacturer’s
specification or a calibration procedure, and wihtribute to the uncertainty of a
measurement conducted by this sensor. There arestwamlards of uncertainty
analysis one can follow: the ASME method and th® I8ethod. In this study,
the ISO method of uncertainty analysis is used.

J.1 Calculation Method
J.2 Temperature sensors
J.2.1  Mercury Thermometer
J.2.2 LM35DZ Sensors
J.2.3 Resistance Temperature Detectors (RTD’s)
J.3 RS 257-026 Turbine Flow Meters
J.4 Trimec MP15S Flowmeter
J.5 Rosemount 3051 CD Differential Pressure Transmitter
J.6  WIKA Static Pressure Transmitters

J.1 Calculation Method

For a sensor which measures the quantjtthe uncertainty (accuracy) of the
sensor is obtained by both Type A and Type B evi@naf standard uncertainty.

Type A evaluation has two components:

s . L .

u,, (X :T, wheresis the sample standard deviation, and the
n

sample size

u,,(X) =RMSE of calibration curve fittin*

Type B evaluation evaluates the standard unceytaihthe actual value of the
quantity being measured, and is denotedupfx). This means the actual flow

rate for a flowmeter, the actual temperature fteraperature sensor, for example.

! RMSE = Root Mean Squared Error. This error evakidhe goodness of the curve fitting.

oy 2
RMSE is calculated bRMSE = M , WhereYy, is the original respond t& , y*,
n-p

is the response from the fitting curwe'= f(X) . n is number of data pointsp is the
number of unknown coefficients, called the degrdfdseedom.
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In most cases, the quantity of interest is a flimctof many other quantities, for
example, in the water flowmeter calibration, thduat volume flow rate is
calculated by Q=M /(t[p), whereM is the total mass of collected water. To

be able to evaluate the uncertainty, a probaldiiggribution must be assumed for
each of the component quantities.

The sensor’s accuracy, or the combined standarertamaty, u_(x) , is obtained
by:

U () = U2+ (3 = £ X+ & ( X+ d( X 3. 1)

J.2 Temperature sensors

J.2.1 Mercury Thermometer

Appendix Cgives details of the mercury thermometer calibratit is not to be
repeated here. From the result of the calibratiogé correction equation, as given
by Equation (C.1), is reproduced as:

Tactual =1.004T1 reading (‘] . 2)

Now assume that the water not being distilled anoke due to the lab barometer
will bring an uncertainty of £ 0.1 °C to the actumdiling temperature, also, the
resolution of the thermometer will bring anotheeof +0.029 °C', thus at 94.3
°C the mercury thermometer has a standard uncsri@fint 0.104°C2. This final
error distributes linearly along the range of 093 °C, for the thermometer
itself, which is 0.0011 °C per degree.

At each reading of the thermometer, considering rémolution error of the
thermometer (0.029 °C), the standard uncertaintiyus:

0.11

u(m = 100

x Reding(correctedy 0.0z°C J.3)

1 For sensor resolution a¥x, under rectangular distribution, the standard até is 0.29x..

2 0.1+ 0.02¢ = 0.10
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which can be represented as:

U(Tihermo) min=0.029°C, at reading=0 C

. J.4)
u(T, =0.139°C, atreading=100 (

hermo) max

J.2.2 LM35DZ Sensors

Type A evaluation of standard uncertainty

The sample size, standard deviation, and calibralRMSE for the four
temperature sensors are:

Sensors T1 T2 T3 T4
No. Sam,n 60 60 60 60
Max. Sam. Std. Dev., V 8.4xf0 | 9.3x10° | 8.3x10° | 9.2x10°
Max. Sam. Std. DeV, °C 0.0084 0.0093 0.0083 0.0092
Calibration curve fitting RMSE, °C 0.0289 0.0297 0271 0.0282

The uncertainty of the four temperature sensorsxoanbe calculated as:

Sensor T1 T2 T3 T4
Up s =% 0.001 0.001 0.001 0.001
U,, =RMSE 0.029 0.030 0.027 0.028
Up S4JUZ, + U2, 0.029 0.030 0.027 0.028

Type B evaluation of standard uncertainty

This is the mercury thermometer uncertainty:=0.0011T+ 0.029" ¢

Combined standard uncertainty

! Converted from the reading Std. Dev. The readiagdard deviation at each point is (in volts):

Sensor T1 T2 T3 T4
Std. Dev. | 8.4x1D 9.3x10° 8.3x10° 9.2x10°

The calibration equation for each sensor indictitas1 V reading is compounding to 100 °C.
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It can be obtained from the above calculation fbatall the four sensors, the
standard uncertainty can be approximated as:

u,(T)=0.03 °C
u,(T)=0.001IT+ 0.0:

um=(u+y)"

The calibration of the four RTD’s has been in thage of about 0 to 60 °C,
similar to that for the LM35’s. The maximum uncentg is also the same:

(u.(T)),. =(0.0%+[ 0.001% 66 0.08) = 0.07524

J.2.3 Resistance Temperature Detectors (RTD’s)

Type A evaluation of standard uncertainty

The sample size, standard deviation, and calibord®MSE for the four RTD’s
are:

Sensors RTD 1 RTD 2 RTD 3 RTD 4
No. Sam,n 60 60 60 60
Max. Sam. Std. Dev., V 10xf0 | 10x10° | 7.3x10° | 9.9x10°
Max. Sam. Std. Dev., °C 0.013 0.013 0.02y 0.027
Calibration curve fitting RMSE, °C 0.026 0.020 B03| 0.029

The uncertainty of the four temperature sensorsicanbe calculated as:

Sensor RTD1| RTD2| RTD3 RTD4
Up s :% 0.0017 | 0.0017| 0.0035  0.0035
U,,=RMSE 0.029 | 0030 | 0027| 0028
u, = JuZ, +uZ, 0.026 | 0020 | 0033| 0029

Type B evaluation of standard uncertainty

This is the mercury thermometer uncertainty:=0.0011T+ 0.029" ¢
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Combined standard uncertainty

It can be obtained from the above calculation fbatall the four sensors, the
standard uncertainty can be approximated as:

u,(T)=0.03 °C
u,(T)=0.0011IT+ 0.0:
U=l + 4

where T = 0 ~ 100 °C, is the measured value. Toeltrahows that the maximum
uncertainty is with the maxim measured temperatdreshe current calibration
the maximum temperature was around 60 °C, the maxinmncertainty is then:

(u.(T)),. =(0.0%+[ 0.001% 68 0.08) = 0.07524

J.3 RS 257-026 Turbine Flow Meters

Type A evaluation of standard uncertainty

At maximum and minimum calibrated flow rates, Themple size, standard
deviation, and calibration RMSE for flowmeter Omel&wo are:

Flowmeter 1 Flowmeter 2
Flow rates
Q: Qmin Q: Qmax Q: Qmin Q: Qmax
No. Sam.n 564 136 532 136
Sam. Std. Dev, /s 0.00084 0.0058 0.0014 0.0039
Calibration curve fitting RMSE, I/s 0.00151 0.00391
s 0.0058 .
u,.(Q=—==————=0.0005 I/s, at maximu

A Jn o V136

0.0015 I/s, Flowmeter
0.0039 I/s, Flowmeter

0.0015 I/s, Flowmeter
u =JUi + U, = '
A(Q =Vt U {0.0039 I/'s, Flowmeter

usz(Q)=RMSE={

1 Converted from the reading Std. Dev., which i¥in
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Type B evaluation of standard uncertainty

The flow rate is calculated by =M /(t(p), whereM is the total mass of

collected water.
1. The weight scale has a resolution of 0.1 kg, aaregtlar distribution of the

true value is assumed, for which it is equally @da for the true valuX
to lie anywhere within the band[-0.05 kg, X+ 0.05 ki].

2. Same distribution assumption is made for the tinoented which is
assigned with an uncertainty limit of 1s, and tkeegity with an uncertainty

limit of 1 kg/n.

Now the uncertainty of components for actual flates of flowmeter One and
Two can be determined as:

Quantity| _  |Error Standard Value of X,
X unit limits. dx. uncertalnty,
i "7 u(x) =0.29% | Flowmeter One| Flowmeter Two
M,,=61.25| M, =61.2
M kg 0.1 0.029
M,.=62.35| M__ =62.2
. ) 0.2 t . =56.5, t . =56.5,
S ' t _=264.7 | t, =278.3
p kg/m® 1 0.29 998.7 998.7
us(Q _ [u*(M), u*(1), ui(p) _ [0.029j2+ 0.29 2+( 0.29)2
Q M t 0 62 M /( Q) 998.7
=1072,/0.003+ 0.202 ,Q in /s
62
whereM / = =0.062/
( (,) 100 Q)
Combined standard uncertainty
The combined standard uncertainties are:
Flowmeter Flowmeter 1 Flowmeter 2
U (Q, s 0.0015 0.0039
ug(Q), Iis Q@072/0.003 0.2B? ,Q inl/
u.(Q. s u? +u?
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This result shows that the maximum uncertainty ighwhe maxim measured
flow rates. In the current calibration the maximélow was around 1.2 I/s. the
maximum percentage uncertainty is then:

{u (Q)j (0.00392{ 1.% 10°x/ 0.008 0.20 12.%2jo.5

Q 1.2
=0.006522

J.4 Trimec MP15S Flowmeter

Type A evaluation of standard uncertainty

At maximum and minimum calibrated flow rates, Themgle size, standard
deviation, and calibration RMSE for the Trimec MBlftowmeter are:

Flow rates Q=Quin | Q=Qnax

No. Sam.h 644 218

Sam. Std. Dev, |[/min 0.0073 0.034

Calibration curve fitting RMSE, I/min 0.0172
_0.034_

=0.0023 I|/min, at maximul

usz(Q)—RMSE— 0.0172 l/mit
u,(Q=4ui,+u:,=0.0174 I/mir

Type B evaluation of standard uncertainty

Following the same procedure as for the 257-02®iherFlow Meters, the flow
rate is calculated byQ = M / (tCp), whereM is the total mass of collected water.
1. The weight scale has a resolution of 0.05 kg, assymectangular
distribution of the weights, the true valXedo lie anywhere within the band
[ X-0.025 kg, X+ 0.025 Kk].

2. Same distribution assumption is made for the tinsented which is
assigned with an uncertainty limit of 1s, and tkegity with an uncertainty
limit of 1 kg/n.
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Now the uncertainty of components for actual flates of the flowmeter is :

Quantit Error Standard
X y unit limits, | uncertainty, Value of X,
i OX; u(x) =0.29x

M k 0.05 0.015 Mumin =21.1,
g ' ' M. =20.9
. ) 0.2 t .. =140.9,
S ' t  =582.7

p kg/m® 1 0.29 998.7

UBc(gQ) z\/UZ(MM)+uzt(t)+ uzip) z\/(o.zollsj:( _ ?(.;Z)J:[ 93;3}2

=1072,/0.006+ 0.0005Q> ,Q in I/min

Combined standard uncertainty

The combined standard uncertainties are:
u,(Q), I/min 0.0174

ug(Q), Vmin | QM072,/0.006+ 0.0005Q% ,Q in I/mi

u.(Q), min JuZ +u?

This result shows that the maximum uncertainty ighvhe maxim measured
flow rates. In the current calibration the maximfiow was around 8.5 I/min. the
maximum percentage uncertainty is then:

{UC(Q)j =(0-01742+[ 8.5 10°xy 0.006 0.000%2 82,%)
8.5

=0.002924

J.5 Rosemount 3051 CD Differential Pressure
Transmitter
Type A evaluation of standard uncertainty

The sample size, standard deviation, and calibr&iBISE for the transmitter are:
Water head h=0~7.5 m
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No. Sam.,n 60

Max. Sam. Std. Dev., Pa 6.72

Calibration curve fitting RMSE, Pa 18.6
uAvl(DP):%=6'F702=O.87 Pa, at maximu

u,,(DP)=RMSE=18.6 P

u,(DP)=Ju’, + U}, =18.6 P:

Type B evaluation of standard uncertainty

Differential pressure is calculated bpP = pgh.

1. The Type measure has a resolution of 1 mm, a rgetandistribution of
the true value is assumed, for which it is equatiybable for the true value
X to lie anywhere within the ban[-0.5 mm, X+ 0.5 mn].

2. Same assumption is made for the gravity which isigagd with an

uncertainty limit of 0.01 mfs and the density with an uncertainty limit of 1
kg/n.

The uncertainty of components for actual differainpressure are:

Quantity i Error limits,  |Std. uncertainty,
X, unit O, u(x)=0.295% Value of X,
p kg/m® 1 0.29 998.2
g m/s 0.01 0.0029 9.79
hmin = Om ’
h m 0.001 0.00029
Niax =7.5m

uy(DP) _ {u(p)}:_ u(g) 2+|:L(f‘):|2_ (o.zgszr(o.oozsajz+ 0.0002Y°
pP  \| p g h | \l998.2 9.79 DP ppg

2
= 17.1X108+(£j DP in Pa
DP

Combined standard uncertainty
At any reading ofoP where0<DP<73.3x 1G P&

257



u,(DP),Pa | 186
2
u,(DP), Pa DPE{/17.1x108+(%9j , DP in P

u.(DP) ui +u2

The application of this device in the current stiglyn the range of 1-30 kPa in
the current study. For this range:

{UC(DP)j _(18.6 +[30000<\/ 17.2 10+( 2.9/300()6} j

DP 30x10
=0.00075
2 0.5
1.2+[1 17.% 10+( 2.9/1 }
..(DP) _( 8.6°+ 1000,/ d+( 2.9/1000 j
DP DP=1kPa 1000
=0.0188

J.6  WIKA Static Pressure Transmitters

Type A evaluation of standard uncertainty
The sample size, standard deviation, and calibrd&iBISE for the transmitter are:

Weight pressure 0 - 840 kPa 0 - 840 kP3
No. Sam.,n 60 60
Max. Sam. Std. Dev., kPa 0.57 0.149
Calibration curve fitting RMSE, kPa 0.33 0.34
s _0.57 ,
u, . (DP)=—==——=0.074 kPa, at maximu
M T 60

u,,(DP)=RMSE=0.33 kP
u,(DP)=,/ui +u;, =0.34 kPe

Type B evaluation of standard uncertainty

Differential pressure is calculated biy:= Mg/ A.
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1. The weights and the calibrator were in good maimiicondition, it is
safe to evaluated the relative uncertainty of tiegghts and the calibrator
to be + 0.5%.

2. Assuming rectangular distribution fg with an uncertainty limit of 1
kg/n.

The uncertainty of components for actual differainpressure are:

?(ljantlty unit EJr):ior fimits, it((j(l )u Z%e;t;r:y Value of X,
M kg - -

A m? - -

g m/s 0.01 0.0029 9.79

g (P) :J[U(M)T{U(A)T{ L(@T :J°-°°52+ 0_00§+(0.0029j2
P M A g 9.79

=0.0071

Combined standard uncertainty
At any reading ofbP where0< DP <840 kPe:

u, (P), kPa 0.34

u,(P), kPa | P0.0071

u.(DP) ui +u2

The application of this device in the current stislyaround 300 kPa for R134a
tests and 800 kPa for R507 tests. For this range:

2 2 0.5
[uc(p)j :(0.34 +(300< 0.007)’) 00072
P ). 300
P=300
2 2 0.5
u.(P) :(0.34 +(800< 0.007)’) 0007
P P=800 800
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Appendix K Uncertainty Analysis: Water Tests

K.1 Calculation Method
K.2 Experimental Results

Mass Flow Ratem

Log Mean Temperature Differenc&T v (LMTD)
Differential pressureAP

Heat Flux,q

Overall Heat Transfer Coefficierit)

Heat Transfer Coefficienh,

Reynolds Number, Re

Nusselt Number, Nu

Friction Factorf

K.1 Calculation Method

For any measured quantitythe standard uncertaintyx) is calculated by:
u(x) =ug (9 + (Y (K. 1)

whereu, (X) =3 , is the Type A evaluatios,is sample standard deviation, and

Jn
n is sample sizey,(X) is the Type B evaluation, taken as the sensobredion
uncertainty, or quoted uncertainty from the mantufis.

K.2 Experimental Results

Mass Flow Rate,m

Mass flow rate of the water streams is calculatgdrb= Q. The standard
uncertainty ofrm is calculated as:

No. of Hot stream (Flowmeter 1) Cold stream (Flowmeter 2)
unit data u(r) , kg/s u(m)/ m, % | u(rm), kg/s u(rm) / i, %
points
min max min max min max min max
Low angle | 19 0.002| 0.002| 0.43 0.43 0.004 0.007 0.6@.13
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Mix angle |18 0.002 | 0.002| 0.44 0.45 0.004

0.007 0.6(1.40

High angle

16 0.002| 0.002| 0.46 0.46] 0.004 0.0

D6 10.61.36

u(rm values are rounded to 0.001 kg/s

Sample Calculation

As an example, the calculation for first point iovi.angle unit (19 points for this

test) is shown below. The measurements are given as

Water stream

Reading, IfStd. Dev., I/s| No. Sample

Hot, Flowmeter 1| 0.396 0.0006 40

40

Cold, Flowmeter 21.154 0.0013

For hot water:

u (Q) =4/Ui+1u2=0.0017 I/s

2
uB(Q):\/0.00152+[102Q\/ 0.003 0.2@2] =0.0017 |

To calculateu(rn), Assume rectangular distribution of uncertainty

band of 1 kg/m3 for densitp and sou(p)=0.29 kg/ni:

A 2 2 2 2

uc(m):\/(u(Q)J +( u(p)j =J[o.0017j +( o.ng —0.004%
m Q ) 0.396 1000
u () =0.396x 1006 0.0042 0.0017 kg
For cold water:
0.0013
u =————=0.00021 I/
= 0.0074 |

U, (Q) =\/o.00392 +[ 10%Q/ 0.003 O.ZQZT

u (Q =4Uui+u=0.0074 /s

. 2 2
u () _ (o.oo74J +( 0.29J = 0.0064
m 1.154 1000

u (M) =1.154x 1006 0.0064 0.0074 kg
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Log Mean Temperature Difference AT vy (LMTD)

For clarity, the equation for log mean temperatiifierence is rewritten as:

y=LMTD =21"%2

InC2)
2

where x; =AT, = Th,in - Tc,out , Xp=AT,= Th,out_ Tc,in
uncertainty forAT ,, is:

oy ? oy ?
uc(y) :\/{a_xl U()&)} ‘{a—xz Y Xz)}

where the partial differentials are:

oy _

P () {
2

1 1
(X, = X,) (X, = %X,) EF—
1 v X, 0y _ 1 v X5
2 9x - X 2
X 2 A1 X
In(l)} "G {In(l)}
Xo X5
Results for the current water test are:
u(LMTD), °C u(LMTD) |,
— 7 %
unit [No-ofdatl ot 0.01) LMTD
points
min max min max
Low angle 19 0.08 0.08 0.4 0.5
Mix angle 18 0.08 0.09 0.7 0.8
High angle | 16 0.08 0.14 0.9 1.6

Sample Calculation

(K. 2)

The combined

(K. 3)

As an example, the calculation for first point iavi angle unit test (19 points for
this test) is given below. The measurement reacangs

Sensor Th,in Th,out Tc,oul Tc,in
Reading, °C 55.88 26.85 27.91 18.48
Std. Dev., °C 0.008 0.009 0.06 0.005
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Sample size 40 40 40 40

Calculation:
X, =AT, =T, 0= Teow=27.97, X, =AT, =T, .~ T.,=10.17, °C
(X, — X )Eﬁ g1
ﬂ: 1 ) 17 X2 X1: 1 _17.8 27.97_
ax, In(ﬁ) X, 2 In(2.75) [In(2.75)]2
X In(=%)
2 X2

(X =X )E|£ 17.83-1
oy __J_ 1 TP o1 047
ax, In(ﬁ) X, 2 In(2.75) [In(2.75)]2

x In(=%)
2 X,
For each sensor, fron,(T) =0.04+ 0.00% reading’
U(T, ) =0.096, u( T, )= 0.069, U T,,,)= 0.068  T,,)= 0.0%°C
Uncertainty of individual temperatures:
sensor Th,in Th,out Tc,out Tc,in
S
u, =—,°C 0.001 0.001 0.01 0.001
Jn

ug =0.04+ 0.00% readin*, °C |0.096 0.069 0.068 0.058
u, =Ju+u?,°C 0.096 0.069 0.069 0.058

* u, is the sensor calibration uncertainty

Uncertainty of temperature differences:

u(x) = /U3 (T, 1)+ (T, ,,) =7/0.096%+ 0.068 = 0.118"

U(X,) = \JUR(T, ou) + UA(T,;) =/0.069%+ 0.058 = 0.090°

Result:

0X, 0X,

=0.078 ° C

U ___0.078 _4 o04s= 0.4
y 17.8/In2.75

Uc(y)=\/{ﬂum)} +{ﬂt(xz)} :\/(0.367>< 0.118°+( 0.722 0.090
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Differential pressure, AP

Result:

ulAP), Pa

. No. of data |NO- of sample (AP) W(AP)/ AP, %
unit . at eacl(Round to 1)
points . .
measuring point__ .

min max min max
Low angle 17 40 19 22 0.2 19
Mix angle 16 40 19 27 0.2 24
High angle 18 40 19 33 0.1 1.0

Sample calculation

For first point in Low angle unit test. Measuremegddings are:

Reading, Pa | Std. Dev., Pa  No. Samg

le
9475 49 40
For hot water:
u (DP)=i—ﬁ—7 7 Pa
3 2
B(DP)-\/18 6% + 17.1< 108+[£j ] =192 P
DP

u.(DP)=4/ui+12=20.7 Pe
U.(DP) _20.7_ 5922
DP 9475

Heat Flux, q

Heat flux is calculated by:

_1 2
q_iju ¢, dT (K. 4)
For the calculation of the standard uncertainty,@juation is modified as:

1.
q:z\mcpAT (K. 5)
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Heat load can be calculated by either hot wates sidthe cold water side. A
rectangular distribution is assumed for heat tmafeaA with an uncertainty
band of 3%, also a rectangular distribution is as=i for specific heat with an
uncertainty band of 1%.

Result:
Hot stream Cold stream
nit No. of data
un points u(Q)/ a, % u(a)/ q, %
min max min max
Low angle|19 1.1 1.2 1.3 15
Mix angle | 18 1.1 1.2 1.3 1.7
High angle16 1.1 1.1 1.2 1.7

Sample Calculation

For the first point in Low angle unit test, readsraye:

Quantity Thin Thowt  [Teoou Tein My Meoig
unit °C °C °C °C kg/s kals
Value, X, 55.88 28.65 27.91 18.48| 0.396 1.154
u(x;) 0.10 0.07 0.07 0.06 | - -
u(x)/ x, % - - - - 0.43 0.64

Uncertainty of heat transfer arelé‘Aﬂ =MA‘= 0.0087

. - 0.29x 0.0t
Uncertainty of specific heaﬁ(cp) = - P

=0.0029
Cp Cp
For hot stream:
2
u(At) _+0.1°+0.07 - 0.0045

At 55.88 28.65

Mz\/[ U(At)r{ L(MT{ [ AT{U(%)T :\/0.452+ 0.43+0.87+ 0.29

q At m A G 100?
=0.011

For cold stream:

265



u(At) _~/0.072+0.06

At 27.91-18.48

u(q)_\/0.982+0.642+ 0.87+ 0.29
q 1002

=0.0098

=0.01¢

Overall Heat Transfer Coefficient, U

U is calculated by

u=—J (K. 6)
LMTD

whereq is calculated from the hot stream (lower uncetyacompared with the
cold side). The standard uncertainty is:

2 2
uV) _ [(w@)", [ u@Tyy) (K. 7)
U q AT m
Result:
uriit No. of dateLU(U)/U , %
points )
min max
Low angle|19 1.2 1.3
Mix angle | 18 1.3 1.4
High anglg16 1.4 1.9

Heat Transfer Coefficient, h,
The film coefficient is obtained from:

1 1 1
U_Rwall =h_+h_ (K. 8)
h c

whereR,, :(5/ k) ,- Only the cold side water stream is of intereaea on

wa

which the final correlation
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Nu:f(Re,PrELD (K. 9)
/’[wall

is drawn. Uncertainty of) and thus 1J can be obtained from previous sections.
The uncertainty of the wall resistancBa, Is calculated based on the
assumptions that:
1. a rectangular distribution of wall thickness with ancertainty band of
3%, and so:u(é) = 0'29}0'05
2. arectangular distribution of wall thermal conduityi with an uncertainty
0.29x 0.0k

band of 1%, and solzji(k) = . =0.002¢

=0.0087

The relative standard uncertainty of wall resistasdus:

u(Rwau):\/[U(ﬂr{ﬂero.oom% 0.0028 = 0.00¢
Rwall o k

The uncertainties of the film coefficients of botkdes are coupled, to find the
uncertainty of u(h.) some assumptions must be made. In the extrementese

u(h,) =0 the uncertainty of cold side film coefficient wilave its maximum
value. From this assumption, it can be calculated:

u(h,) _ U(i— Ryan)

-_Uu
h 1
¢ U - RwaII
Result:
. No. of dateLU(hc)/ h,, %
unit .
points )
min max
Low angle|19 1.2 1.3
Mix angle | 18 1.3 1.5
High anglg16 1.6 2.1

Reynolds Number, Re

Reynolds number is calculated by:
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Rezp”_dh:&[qg (K. 10)
Ho AU

Assuming rectangular distribution far, ,d, , A. with uncertainty bands of 0.1%,
1%, 3%, 3%, respectively, and it is obtained that:

u(p) _0.29% 0.00p _

0.00029
P P
u(g) _0.29x 0.0P _ 109
H o
u(d,) _0.29x 0.0} _ oo
dh dh
U(A;) _0.29% 0.0, _ ) oo
AC C
And:
uRe)_ [[u@)]* [ue)]’ [u) ], [ua) ] i i
|2 o o2 oo
Re p H d, A, Q Q
Result:
u(Re,)/R
unit Nq. of data & %
points X
min max
Low angle|19 1.4 1.7
Mix angle | 18 1.4 1.9
High anglg16 1.4 1.9
Nusselt Number, Nu
Nusselt number is calculated by:
hd
Nu :_kh (K. 11)

Assuming rectangular distribution féy d, with uncertainty bands of 1%, 3%,
respectively, it is obtained:

u(k) _0.29x 0.0k =0.0029, u(d,) _ 0.29x 0.03},
k K d, d,

U(Nu) _ [u<k)T+ u(dy) Z{U(h)T:JO 0000&[@}2
NU k d, h ' h

= 0.008
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Result:

. No. of data| U(NU)/Nu, %
unit :
points -
min max
L angle 19 15 1.6
M angle |18 1.6 1.7
Hangle |16 1.8 2.2

Friction Factor, f

The Darcy friction factor is calculated by:

DP/L__DP d, 2A’

o e (K. 12)
2 PU o Q P

f =

Assuming rectangular distribution far,d, ,L, A, with uncertainty bands of 0.1%,
3%, 3%, 3% respectively, it is obtained:

u(o) _0.29x 0.00p _

0.00029
P P

u(d,) _ 0-29x 0.084 _ oo
d, d,

u(l) (0.20x0.08 _ ) oo
L L

U(A) _ 0.29% 0.0, _ . oo
A A

C C

Use 1.4% as the relative uncertainty for
u(f) _ [uo) ], [ucd,) 2+[u<L)T+ uA) | ,[wQ Z{uDBT: 000042[ g DF)T
f 0 d, L A, Q DP ' DP

Result:

. No. of data|U(f)/ f, %
unit .
points -
min max
L angle 17 2.1 3.1
Mangle |16 2.1 3.1
Hangle |18 2.1 2.3
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Appendix L Uncertainty Analysis: Refrigerant
Evaporator Tests

L.1 Calculation Method
L.2 Experimental Results

Water Mass Flow Ratefn,,

Heat Flux,q

Log Mean Temperature Differenct&T v (LMTD)
Overall Heat Transfer Coefficierit)

Refrigerant Heat Transfer Coefficieht,

Refrigerant Mass Flow Ratf,

Outlet Vapour Qualityx
Total Pressure Drog\Py,
Frictional Pressure Drop\Py;c
Friction Factorf

L.1 Calculation Method

For any measured quantitythe standard uncertainty(x) is calculated by:

U9 = u (¥ + (3 (L. 1)

S
ﬁ ’
n is sample sizey,(x is the Type B evaluation, taken as the sensobregion
uncertainty, or quoted uncertainty from the mantufis.

whereu, (x) = is the Type A evaluatiors,is sample standard deviation, and

L.2 Experimental Results

Water Mass Flow Rate,m,

Mass flow rate of the water streams is calculatgdr), =(oQ), . The standard
uncertainty ofr is calculated as:

unit R134a R507
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No. u(my/ m, % No. u(my/ m, %

data : data :
min max min max

o

Low angle 58 0.38 0.43 22 0.42 0.4
Mix angle 58 0.38 0.42 18 0.42 0.42
High angle 59 0.39 0.42 20 0.42 0.4p

Sample Calculation

A sample calculation is given here for the firading of the Low angle unit with

R134a. The measurements are:
Reading, I/gStd. Dev., I/s| No. Sample

0.7977 0.000972 60
Result:
s _0.000972
u =——=—"—""=1.255¢10" /¢
2
uB(Q):\/0.00152+[102Q\/ 0.003 0.2@2] =0.0034 |
u (Q) =4Ui+1u2=0.0034 I/s
To calculateu(rn), Assume rectangular distribution of uncertainty
band of 1 kg/m3 for densitp and sou(p)=0.29 kg/ni:
A 2 2 2 2
uc(m):\/(u(Q)J +( u(p)j =J[o.oos4j +( o.ng —0.004%
m Q p) 0.7977 1000
Heat Flux, q

Heat flux is calculated from:
q =1( me,A T) (L. 2)
AT '
A rectangular distribution is assumed for heatdfanareaa with an uncertainty

band of 3%, also a rectangular distribution is as=ai for specific heat with an
uncertainty band of 1%.

Result:

unit R134a R507
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No. u(a)/ g, % No. u(a)/ q, %

data min max data min max
Low angle 58 1.8 4.3 22 2.2 3.4
Mix angle 58 1.8 4.3 18 21 3.4
High angle 59 1.7 4.3 20 2.1 3.5

Sample Calculation

A sample calculation is given here for the firgding of the Low angle unit with
R134a. The measurements are:

Quantity Tuin Twou |M,
unit °C °C kals
Value, x; 16.49 12.51 0.798
u(x;) 0.056 0.053 -
u(x)/ x, % - - 0.42

Uncertainty of heat transfer arelé{'t\ﬂ =%= 0.0087

Uncertainty of specific heaﬂicp) = O'ZQXCO'Obp =0.0029
p p
u(At) _~/0.056*+ 0.053 0.01937
At 16.49-12.51
u(a) _ [U(MT{ U(Fr)T{ [ AT+ u(c,) |’ :\/1.942+0.42?+ 0.87+ 0.28
q At m A G 1007
=0.0219

Log Mean Temperature Difference AT vy (LMTD)

For clarity, the equation for log mean temperatiifierence is rewritten as:

y=LMTD =21"%2

(L. 3)
In(jl)
2
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(L. 4)

wherexX; =AT . X2 =AT.i,- The combined uncertainty f&T ,, is:
2 2
oy oy
u =, || =—u +| —
() {axl (xl)} L,qu(xz)}
where the partial differentials are:
1 1
(X = Xz) (X = %) B
gy _ 1 X, 0y _ 1 X5
ax X 27 9x, X 2
G [In(xl)} * |G {In(“)}
2 X2 2 2
Results:
R134a R507
unit AT )IAT,, , % AT )IAT,, %
No. data HAT) o 7 No. data M Tw) b
min max min max
Low angle 58 0.8 1.9 22 0.8 1.2
Mix angle 58 0.9 2.3 18 1.0 1.9
High angle 59 1.2 2.9 20 1.2 2.3

Sample Calculation

A sample calculation is given here for the firsding of the Low angle unit with

R134a.
Measurements:
Sensor T out T in T i T out
Reading, °C | 10.85 14.66 6.29 6.25
Std. Dev., °C | 0.002258| 0.001306 0.03164  0.004135
Uncertainty of individual temperatures (sample si0):
Sensor Tu. out Ty, in T Tr out
U, =—,°C 0.0003 |0.0002 | 0.0041 | 0.0005
Jn
u, =0.04+ 0.00% readin* °C |0.0508 | 0.0547 | 0.0463 | 0.0462
u, =2+ U2, °C 0.0508 | 0.0547 | 0.0465 | 0.0463

* u, is the sensor calibration uncertainty
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Uncertainty of temperature differences:

r

U(x,) =\ UP(T,, o0 + W(T, |

u(x,) = U3 (T, 1))+ V(T o) =V0.05472+ 0.0463= 0.072
) =4/0.0508+ 0.0465= 0.069

Calculation:
>(1:ATmax:Tw, in_Tr, out=8'41' >(ZZATmin =Tw, out_Tr, in:4'56' OC
1 1
X, — X,) 3~
oy _ 1 _(1 2) v 1 _3.859—8.41_
% 1nXy x,.|° In.84) [In.84)°
In(=+)
X2
X2
(%, = x )EI£ O 1
ay:_ 1 ) 1 2 X, _ 1 +3.854.56= |
0x, In(%y) x| In(1.84) [In(.84)”
K, [InCY
X2
Result:
u(y) =] 2L ux) . Y %) 2:\/(0.41><o.o72)2+( 0.68 0.06J
¢ 0%, X,
=0.053 °C
U - 0.058 _ 6g4- 0.849

y  3.85/In1.84

Overall Heat Transfer Coefficient, U

U is calculated by
q

LMTD

The standard uncertainty ofis:

u) _ [(w@),(uatw)Y
U q AT m

Results:

(L. 5)

(L. 6)

R134a

unit

R507
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uU)/U, % uU)/U, %
No. data No. data
min max min max
Low angle 58 2.0 4.7 22 24 3.6
Mix angle 58 2.1 4.9 18 2.3 3.9
High angle 59 2.2 51 20 2.4 4.2

Refrigerant Heat Transfer Coefficient, h,
The film coefficient is obtained from:

1
:h_+_+RwaII+ R (L. 7)

whereRr,,, =(9/k)

wall = .+ R is the fouling factor. Uncertainty df and thusi/u
can be obtained from previous sections. The unogytaf the wall resistance,

R was obtained in the water test as:

wall 1

“(Rwan)=\/[“(5)T+[ﬂr=x/o.oos72+ 0.0028 = 0.00¢
RWall o k

As a safe estimation, the percentage uncertaintfheffouling factor is set as
20%. Uncertainties of the water side heat trartséer been previously obtained in
the water test as:

, No. data |u(h,)/h,, %
unit .
points :
min max
Low angle|19 1.2 1.3
Mix angle | 18 1.3 1.5
High anglg16 1.6 21

The maximum values fau(h,)/ h, are to be used in this analysis. Uncertainties
of the refrigerant side heat transfer coefficieant cow be calculated:

1 1
U(hr):u(U h, Ryan = R) w8
hr i_i_R — Rf .
U hw wall

Result:
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R134a R507
unt No. data H(h) T % No. data u(h) T %
min max
Low angle 58 4.2 7.6 22 5.0 6.5
Mix angle 58 3.8 7.0 18 5.0 7.9
High angle 59 3.7 6.7 20 4.9 8.6

Refrigerant Mass Flow Ratem,
The R134a mass flow rate is calculated by=(pQ) . Assume a rectangular

distribution of uncertainty band of 1 kg/m3 for

u(p)=0.29 kg/n?. The standard uncertainty of is calculated as:

R134a R507
unit No. u(rm/ i, % No. u(rm/ i, %
data . data .
min max min max
Low angle 58 0.3 1.8 22 0.3 0.5
Mix angle 58 0.4 1.9 18 0.3 0.6
High angle 59 0.4 2.0 20 0.3 0.9

Outlet Vapour Quality, x

The refrigerant outlet vapour quality is calculatesm:

Q= @xd,

nddy o and so

(L. 9)

where the inlet vapour quality is assumed as Oudkgsa rectangular distribution

of uncertainty band of 1 kJ/kg for

u(i,, )=0.29 kJ/ke. The results are:

R507

unit

R134a

No.
data

u(XOUt

%

)/ XOUT’

No. u(xout)/ Xout’
data %

enthalpy of w@epation and so
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min max min max
Low angle 58 1.7 4.6 22 2.0 3.3
Mix angle 58 1.6 4.6 18 2.0 3.3
High angle 59 0.3 4.5 20 1.9 3.4

Total Pressure Drop,APiqt

The total pressure drop is a direct measuremeimtr@sults are:

R134a R507
unit No. AP{OI , Pa No. AP{OI , Pa
data . data .
min max min max
Low angle 58 20 43 22 20 24
Mix angle 58 21 32 18 20 26
High angle 59 20 50 20 20 74

Frictional Pressure Drop, APsic

The frictional pressure drop is calculated by theasured pressure drop less the
pressure drop through pipeline and all fittingsegi by:

AI:¥ric :AF?neasurement_APpipelir (L 10)
Assume the calculation ofAR, ;.. has uncertainty of 20%. The results for the

frictional pressure drop are:

R134a R507
. u(AR uliaric) ) U(AR uliaric) )
unit ric 0/ ric 0/
NO. APfrlc ’ NO. APfrlc ’
data data
min max min max
Low angle 58 7 12.4 22 9.5 12.4
Mix angle 58 51 12.1 18 10.8 12.%
High angle 59 5.0 11.6 20 8.2 12.8
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Friction Factor, f
The Darcy friction factor is calculated by:

__DP/L _DPd, 2A’ (L. 11)
lpu?ld, @ L p

Assuming rectangular distribution far,d, ,L, A, with uncertainty bands of 0.1%,
3%, 3%, 3% respectively, it is obtained:

u(p) _ 0.29x 0.00p _

0.00029
P P
u(d,) _ 0.29x 0.034, ~0.0087
dh dh
u(LL) _ 0.29x 0.0% - 0.0087
u(A,) _ 0.29x 0.03A, ~0.0087
AC AC
Results:
R134a R507
unit No. u(f)y/ f,% No. u(f)/ f,%
data ; data ;
min max min max
Low angle 58 7.3 125 22 9.7 12.%
Mix angle 58 5.6 12.2 18 10.9 12.6
High angle 59 5.4 11.7 20 8.4 12.9
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Appendix M Heat Transfer Surface Partition for
A DX Evaporator

The heat transfer surface of the evaporator isddwiinto two regions:
evaporating and superheating. To be able to ca&uldividual area of these two
regions, single-phase heat transfer correlationt tneknown for refrigerant gas
at the superheating region. Now consider only thetrbasic conditions:

1. no non-equilibrium between the two-phases, at xHdw enters the
region of superheating,

2. no flow maldistribution, channel-average valuedloiv rate is taken for
analysis,

3. saturation temperature is constant in the evapgrategion, this will
ignore the influence of pressure drop.

the temperature profile in such an evaporator Iesatically shown by Figure
M.1 (Classon and Palm, 2002, Sterner and Sund€)20he heat transfer rate
superheating the vapour (single-phase) is:

qup: r'nvAhr,sup: Cp,(Tr,o_ Tr,) (M- 1)

where Ah sy is the refrigerant enthalpy change due to supérgeaThe
temperature of water at the dividing poifj,,, can now be determined from:

Quup = M Cp ul T i™ T ) (M. 2)

The superheating ared,, can now be determined from:

Figure M.1:Temperature profile of a DX PHE evaporat
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L;i;,(ij L (M. 3)
Usp Nu \K)yw B

sup w rng

qup

P AsupATlm, sup

where AT, 4 is the log mean temperature difference at therepging region.

The total heat transfer area is usually known, aedetvaporating area,, can be
obtained from:

Aot = Asupt A (M. 5)
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Appendix N  Operating Instructions for the

Refrigerant Evaporator Test
Facility

The experimental facility used in this study wasigeed and built as a liquid
over-feed system. Refrigerant evaporator tests waneed out on three middle-
size industrial brazed plate heat exchangers. Theetunits were installed in
parallel, and the test was carried out individudtly each unit. The detailed
operating instruction of the facility, for each pwaator test, are given as
following.

Before the refrigeration system is started, the m@ssor should be
checked for any refrigerant accumulation in thenkrease.

Liquid refrigerant in the crank case will boil upstarting the compressor
as a result of sudden pressure drop, and the artirail in the crank case
will be brought into compressor cylinders by redrignt foams and further
into the system. A convenient method to avoid fifigation is to install a
heater inside the crack case, and to allow théodde warmed for some
time, say 30 minutes, before starting the system.aAheater is not
available for the current equipment, a mini flowcto was used. Before
starting the compressor, the blow torch was plasethe underside of the
compressor just below the sight glass of the ccasle. If the fluid as seen
from the sight glass begins to boil then there efrigerant in the
compressor. Allow the fluid to boil until the baii appears to have
stooped completely. Once this has occurred them thieould be only oil
left in the crank case.

Start the water pump, open the inlet and outletesfor the evaporator to
be opened while also making sure the water linevegalfor other
evaporators are closed.

Start the compressor of the refrigeration systgmenahe inlet and outlet
valves for the evaporator while also making sure thfrigerant line

valves for other evaporators are closed.

Switch the data acquisition system, launch the oreasent software, and
carried out a self-calibration of the software.

281



Vi.

Vii.

viil.

Xi.

Xil.

Adjust the water flow rate at a fixed value at apgpmately 0.8 kg/s, and
maintain at this flow rate for all tests. This @@ by operating the bypass
valve and the main line valve.

Fully open the refrigerant bypass valve to achigeemaximum possible
flow rate of the refrigerant, allow the systemuam #0 minutes to stabilize.

Once the system is stabilized, record the firstdirep by the data
acquisition system. the data recording takes 30rgks; as the sample rate
is 2, therefore 60 data samples are taken, for esasured quantity.

Reduce the refrigerant flow rate by adjusting tgpdss valve, to preset
values. Allow the system to run for approximatelyriinutes to stabilize,
once the system is stabilized, another reading lettaken.

Follow the previous step until the flow rate is uedd to the lowest
possible of the system.

Once all the readings are taken for the first cwplioad, reduce the
system cooling load, repeat steps vi — ix.

Three methods were used for controlling the coolimad: (1) by the
surge drum back pressure regulator, (2) by theesdrgm isolating valve,
and (3) by damping the condenser surface. Of ttesmethod (3) proved
the most effective. Dampers made of cardboardsstupre used, those
strips were placed to over the condenser surfadetlaa air flow rate
across the condenser was controlled by adjustegdmber of dampers.

After all readings are saved, shut down the systathclose all inlet and
outlet refrigerant valves.

Steps i -xi are to be repeated for other evapator
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