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A B S T R A C T   

As the global trend towards transition to a “hydrogen society” continues to gain momentum, a lot of studies on 
alternative hydrogen (H2) production methods are on the rise. Among them, methylcyclohexane (MCH) dehy
drogenation in a membrane reactor (MR) is reported here as one possible candidate, affording its enhanced H2 
yield and a compact design. In this study, techno-economic analysis and carbon footprint analysis (CFA) of MCH 
dehydrogenation in an MR are carried out to investigate economic and environmental feasibility providing 
techno-economic and environmental guidelines for realizing it as mature technology. The economic parameters 
are determined through process simulation using Aspen Plus®, and the unit H2 production costs are obtained for 
a packed-bed reactor (PBR) and an MR in H2 production capacities of 30, 100, 300, and 700 m3 h− 1. The effects 
of each economic parameter on the unit H2 production cost are identified through sensitivity analysis (SA) and 
scenario analysis is performed under various conditions to investigate the effects of technical parameters of the 
membrane, such as the H2 production capacity, temperature, and H2 permeance on the unit H2 production costs. 
CFA is also performed to investigate the environmental feasibility of MCH dehydrogenation in an MR by 
considering CO2 emissions at each part.   

1. Introduction 

As environmental concerns about global warming due to the con
sumption of fossil fuel continue to escalate, renewable energy has 
received more attention as a green energy source [1,2]. In the generation 
of energy from renewable sources such as solar, wind, and hydro power, 
there is an inevitable mismatch between the power demand and supply 
due to the seasonal and spatial characteristics of these resources [3,4]. 
Thus, the surplus electricity resulting from this mismatch is expected to 
be used for hydrogen (H2) production [5,6]. The global demand for H2 
has increased continuously by 3–4% annually [7] and H2 continues to 
receive attention as a clean alternative energy carrier based on the fact 
that it only produces water as a byproduct upon conversion to energy 
compared to conventional fuel such as natural gas, petroleum, and coal 
[8]. H2 has many advantages as an energy carrier; for example, it is (a) 
most abundant element accounting for more than 90% of all atoms in the 
universe, (b) very light with a molecular weight of 2.016 g mol− 1, (c) 
sustainable, and (d) easily integrated with conventional electric and 
natural gas infrastructrue; (e) it has a high energy density of 120–142 

MJ kg− 1 [9–11]. With these advantages of H2 as an alternative energy 
carrier, worldwide efforts to transition to a “H2 society” have been on 
the rise [12,13]. 

Conventionally, H2 is produced by steam reforming, partial oxida
tion, auto-thermal reforming, and CO2 reforming of non-renewable 
fossil-fuels like natural gas, coals, and heavy oils [14,15]. Among 
them, methane steam reforming is the most commercialized H2 pro
duction method, accounting for 48% of global H2 production [16,17]. 
However, H2 production processes based on fossil fuel resources have 
associated drawbacks related to environmental issues and depletion of 
resources, leading the development of alternative H2 production 
methods [18,19]. Notably, methane steam reforming requires a very 
large amount of heat, emits large amounts of CO2, and requires H2 pu
rification equipment such as pressure swing adsorption (PSA) resulting 
in high costs [20,21]. To overcome these challenges, many studies on 
steam reforming using alternative feedstocks such as methanol, ethanol, 
and ethane, under relatively milder reaction conditions, have been 
conducted [22–24]. However, these methods still suffer from green- 
house gas (CO2) emissions during the reactions. 

In this context, methylcyclohexane (MCH) dehydrogenation, repre
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sented by Eq. (1), has been introduced as an alternative H2 production 
method with no emission of CO2 and only toluene (TOL) and H2 as 
products, with a relatively low reaction temperature of 573–673 K [25]. 

CH3C6H11→CH3C6H5 + 3H2 ΔH = 205 kJ mol− 1 (1) 

MCH is also a very strong candidate as a liquid organic hydrogen 
carrier (LOHC), and the MCH dehydrogenation process has the 
following advantageous characteristics: (a) high H2 content of 47.3 kgH2 
m− 3 or 6.0–7.5 wt%; (b) ease to transport or store the product as it is in 
the liquid state at ambient temperature and pressure; (c) no freezing 
process is required in the plants due to the very low freezing temperature 
of − 126.6 ◦C for MCH and − 95 ◦C for TOL; the process is (d) highly 
reversible and (e) selective; (f) the products are non-carcinogenic; the 
process (g) does not emit CO2 and (h) produces TOL as a recyclable and 
eco-friendly product; (i) the physical/chemical properties of the product 
are similar to those of gasoline [26–30]. 

Even though MCH dehydrogenation can be treated as an eco-friendly 
H2 production method, it still requires a large amount of heat, which can 
lead to huge CO2 emissions in supplying this heat. Thus, a membrane 
reactor (MR), which incorporates H2 separation membrane into con
ventional reactor, can be used to improve the feedstock conversion and 
H2 production yield naturally, thereby reducing the required heat 

[31,32] and avoiding the additional purification step resulting in cost 
reduction [33]. 

Fig. 1 shows a schematic diagram of the overall H2 supply chain 
using LOHC. In this supply chain, the novel concept of utilizing MR for 
MCH dehydrogenation is presented to achieve the benefits of higher 
reactant conversion, production yield, and a lower reaction temperature 
based on the equilibrium shift due to Le Chatelier’s principle [34,35]. In 
addition, a more compact design can be achieved because the reactor 
unit and H2 separator are merged in an MR [36]. 

Recent studies have shown the advantages of MCH dehydrogenation 
in an MR using a H2 membrane. Kreuder et al. [37] investigated the 
membrane separation performance of a Pd-membrane in terms of its 
ability to shift the equilibrium to the product side during MCH conver
sion and reported a higher MCH conversion of about 97% compared to 
the equilibrium conversion of about 78%. Hatim et al. [38] developed a 
Pd/Al hollow fiber membrane reactor (HFMR) consisting of a Pd 
membrane (with no defects) on the surface of an Al hollow fiber sub
strate. The authors reported a significant increase in the gas permeation 
resistance when the catalyst loading was above 2.3 mg cm− 1 and MCH 
conversion of 25%, 26%, and 50% for a fixed-bed reactor, HFMR, and 
porous membrane reactor, respectively, demonstrating the improved 
MCH conversion in the MR. Li et al. [39] reported that an organic silica 
membrane prepared by sol–gel treatment had a H2 permeance of 1.29 ×

10− 6 mol m− 2 s− 1 Pa− 1 and selectivities of 6,680 and 48,900 for H2/ 
C3H8 and H2/SF6 and reported a very high H2 purity of 100% upon 
extraction and a higher MCH conversion (78%) than the equilibrium 
conversion. Chen et al. [40] investigated the effects of the feed flow of 
MCH, catalyst loading, and pressure at the permeate channel on the 
reactor performance, and the effects of the pore size, based on micro
scopic scale simulations. They reported that an MCH conversion of 
100% could be achieved at 543.15 K with feed molar flow of 3 × 10− 6 

mol s− 1, catalyst loading of 70.74 kg m− 3, and pressure of 1.013 bar and 
0.1 bar for the retentate and permeate channels, respectively. Ali et al. 
[41] also developed a pilot-scale membrane reactor with a sulfided Pt/ 
Al2O3 catalyst and a 0.1 mm Pd77Ag23 membrane and optimized liquid 
hourly space velocities (LHSVs) of 1.65, 1.05, and 0.97 h− 1 at 643, 613, 
and 593 K, respectively. 

In addition to the experimental studies, some researchers reported 
both experimental and theoretical studies. Li et al. [42] conducted an 
experimental and theoretical study of MCH dehydrogenation in a cata
lytic MR composed of a Pt/γ-Al2O3/α-Al2O3 catalytic support and silica 
H2 separation layer, and reported that the H2 permeance of the silica 
membrane was (1.51 − 2.83) × 10− 6 mol m− 2 s− 1 Pa− 1 with a H2/SF6 
permeance ratio of 290–1000 at 473 K. They reported significantly 
enhanced MCH conversion (82%) with γ-Al2O3 compared to that of 

Nomenclature 

H2 Hydrogen 
PSA Pressure swing adsorption 
MCH Methylcyclohexane 
MR Membrane reactor 
PBR Packed-bed reactor 
TOL Toluene 
LOHC Liquid organic hydrogen carrier 
SA Sensitivity analysis 
HFMR Hollow fiber membrane reactor 
LHSVs Liquid hourly space velocities 
rms Root-mean-square 
BFD Block flow diagram 
OPEX Operating expenditure 
DOE Department of Energy 
FCI Fixded capital investment 
CEPCI Chemical engineering plant cost index 
CRF Capital recovery factor  

Fig. 1. Schematic diagram of an overall hydrogen supply chain using a membrane reactor (MR) with liquid organic hydrogen carrier (LOHC).  
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(11%) without γ-Al2O3. Cholewa et al. [43] experimentally investigated 
the performance of an MR with Pd foils and the effect of the micro
structure of the membrane module with catalyst and conducted simu
lation to optimize the modules. Their results showed that when the 
pressure was up to 30 bar and 3 bar at the start for the retentate and 
permeate sides, an MCH conversion of 90% and H2 recovery of about 
80% were obtained. Oda et al. [44] developed an MR with an amor
phous silica membrane, with a H2 permeance of the order of 10− 6 mol 
m− 2 s− 1 Pa− 1 and H2/SF6 selectivity of around 104. A Pt/Al2O3 catalyst 
was used for their study and they also simulated the system in the 
temperature range of 473–553 K and reaction pressure range of 
0.1–0.25 MPa and confirmed a high H2 purity of 99.95% with no carrier 
gas or sweep gas. 

Despite the numerous experimental and theoretical studies, no 
techno-economic approaches have been reported thus far, to the best of 
our knowledge. However, economic feasibility study beyond the 
laboratory-scale should be undertaken to realize commercialization of 
premature technology and to suggest its direction for further research 
and the objective of this study is to provide practical guidelines for MCH 
dehydrogenation in an MR in both economic and environmental per
spectives. Therefore, techno-economic and carbon footprint analysis 
(CFA) of MCH dehydrogenation for various H2 production capacities of 
30, 100, 300, and 700 m3 h− 1 are conducted in this study to evaluate the 
technical and economic viability of the process. The economic param
eters are determined from process simulation using Aspen Plus® and the 
H2 production cost is determined from itemized cost estimation based on 
these parameters. Sensitivity analysis (SA) is carried out to determine 
the key economic parameter and identify the effects of each parameter. 
In addition, to understand the effects of each parameter on the unit H2 
production cost, scenario analysis regarding the H2 production capacity, 
temperature, and H2 permeance is performed. The environmental 
feasibility of the process is investigated through carbon footprint anal
ysis by comparing the CO2 flow rates from both a packed-bed reactor 
(PBR) and an MR. Through those conceptual feasibility studies, 
comprehensive direction which MCH dehydrogenation in an MR should 
have to take in order to realize economic feasibility was proposed. 

2. Methods 

2.1. Process simulation 

MCH dehydrogenation in a PBR and an MR was simulated in Aspen 
Plus® (Aspen Technology, Inc., Bedford, MA, USA) by using Gibbs 

reactor for model validation. 
Fig. 2 compares the simulated MCH conversion at 503–543 K, ob

tained from process simulation using the experimental results reported 
by Meng et al. [45], demonstrating a reasonable match and this Gibbs 
reactor is employed for both a PBR and an MR to ensure a fair com
parison. This slight difference between the simulated and experimental 
results arises several assumptions such as that Gibbs reactor is 
isothermal and isobaric; nevertheless, the agreement is adequate for 
further parametric study. 

Fig. 3 presents the block flow diagram (BFD) for MCH dehydroge
nation in a PBR and an MR, respectively. Isothermal and isobaric re
actions in Gibbs reactor with the Peng-Robinson equation of state, which 
can handle large reaction temperature and pressure range and is known 
as a suitable fluid package for hydrocarbon, air, and water, etc. [46], 
were assumed for the simulation. Compared to the PBR unit consisting of 
only Gibbs reactor, a template unit composed of Gibbs reactors to 
simulate H2 production through MCH dehydrogenation and separators 
to reflect H2 separation through membrane based on several parameters 
of H2 permeance, membrane area, and H2 partial pressure difference 
was constructed for MR to reflect the effects of hydrogen separation 
through the membrane [47]. Additionally, a boiler unit using natural gas 
combustion with 20% excess oxygen was also constructed to consider 
heat required for an endothermic MCH dehydrogenation reactor in the 
economic analysis. Based on the physical properties of the Pt/γ-Al2O3/ 
α-Al2O3 catalysts and the organosilica H2 separation membrane, re
ported by Meng et al. [45], improved H2 permeance in the range of from 
5 × 10− 7 to 5 × 10− 4 mol m− 2 s− 1 Pa− 1 and infinite selectivity were 
assumed. 

2.2. Itemized cost estimation 

The unit H2 production cost was estimated for a H2 production ca
pacity of 30 m3 h− 1 based on process simulation. The cost estimation 
methods reported by Turton et al. [48] were used, and the total cost was 
defined as the sum of the annualized capital cost ($ y− 1) and operating 
cost ($ y− 1). In this study, the reactor, membrane module, compressor, 
PSA, and supplement are classified as capital cost; the reactant, PSA 
OPEX, the sweep gas, electricity, labor, membrane replacement, natural 
gas, and maintenance, and other costs are classified as operating costs. 
The cost of the membrane module was estimated as 5,382 $ m− 2 based 
on the targeted value from the U. S. Department of Energy (DOE), and 
the cost of the reactor (30,000,000 € for H2 production capacity of 300 
ton d− 1) reported by Reuß et al. [49] was used. The compressor cost was 
estimated at 15,000 $ for used electricity of 10 kW [50] and a cost of 
83,091 $ was calculated for PSA based on the equation reported by 
Hoffman [51]. The supplement cost was defined as 20% of the fixed 
capital investment (FCI), defined as the sum of the reactor, membrane 
module, compressor, and PSA. 

To reflect price fluctuations such as inflation, deflation, etc., the 
chemical engineering plant cost index (CEPCI, 603.1 of 2019) was used 
in the estimation of the capital cost, as described by Eq. (2). 

C2 = C1

(
I2

I1

)

(2)  

where C is equipment cost, and I is a cost index. 
Each capital cost ($) was converted to the annualized capital cost ($ 

y− 1) by applying the capital recovery factor (CRF) (Eq. (3)). 

CRF =
i(1 + i)N

(1 + i)N
− 1

(3)  

where i is the discount rate and N is the economic analysis period. 
In this study, i was assumed as 0.045 [52] and N was 10 years for the 

compressor, PSA, and membrane module (CRF = 0.1264) and 20 years 
for the reactor and supplement (CRF = 0.0769). In addition, a stream 

Fig. 2. Model validation of simulation results with experimental ones reported 
by Meng et al. [45]. 
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factor of 0.93 was assumed and an exchange rate of $1 = 1,200 KRW was 
used. The reactant cost for MCH was 300 $ ton− 1 [53], the water cost 
was 0.067 $ ton− 1 [47], the PSA OPEX [51], the electricity cost was 0.06 
$ kWh− 1 [54], labor costs were 50,833, 67,500, 84,167, and 100,833 $ 
y− 1 for H2 production capacities of 30, 100, 300, and 700 m3 h− 1, 
respectively [55], the membrane replacement cost was 20% that of the 
membrane module [56], the natural gas cost of 13.35 $ MJ− 1 [57], the 
maintenance cost was 2% of FCI, and other costs were estimated as 1% 
of the FCI [58]. 

2.3. Sensitivity analysis (SA) 

SA was used to investigate the effects of each parameter on the unit 
H2 production cost. The parameters considered in this study were the 
reactor, membrane module, compressor, PSA, supplement, reactant, 
PSA operating cost, sweep gas, electricity, labor, membrane replace
ment, natural gas, maintenance, and other costs. In the SA, the unit H2 
production cost was determined by varying one parameter by ±20% 
with the other parameters fixed. 

2.4. Carbon footprint analysis (CFA) 

To assess the environmental effect of MCH dehydrogenation in an 
MR compared to the a conventional PBR, CFA was conducted based on 
the results of the techno-economic analysis. The carbon footprint is 
classified according to the types of processes as follows; direct carbon 
emissions from controlled processes like chemical reactions or heater 
and indirect carbon emissions from uncontrolled processes such as 
electricity consumed in the compressor [59]. In this study, for both a 
PBR and an MR, CO2 emissions from the dehydrogenation reactor and 
heater (direct carbon emission) and compressor (indirect carbon emis
sion) were considered in CFA. 

3. Results and discussion 

3.1. Itemized cost estimation 

Based on the results of process simulation, itemized cost estimation 
to determine a unit H2 production cost using MCH dehydrogenation in a 
PBR and an MR was carried out for H2 production scales of 30, 100, 300, 
and 700 m3 h− 1 at 543 K and H2 permeance of 5 × 10− 5 mol m− 2 s− 1 

Pa− 1 to evaluate the economic feasibility of MCH dehydrogenation in 
the MR. 

Table 1 shows the results of the itemized cost estimation for the unit 
H2 production cost for a PBR and an MR. Because the generated H2 is 
continuously separated and removed through the H2 separation mem
brane in an MR, the costs for additional H2 purification (PSA and PSA 
operating cost) are much lower for an MR than for a PBR. Instead, the 
costs for the membrane (membrane module, membrane replacement, 
and sweep gas) are additionally considered for an MR. The amount of 
reactant and natural gas utilized in the boiler are significantly lower in 
an MR compared to a PBR due to the improved H2 yield and lower heat 
requirement of the former leading to cheaper H2 production costs. For a 
H2 production capacity of 30 m3 h− 1, unit H2 production costs were 
11.76 and 9.37 $ kgH2

− 1 for a PBR and an MR, respectively, representing 
a cost reduction of 20.3% for the MR compared to the PBR. Similarly, 
unit H2 production costs of 9.50 and 7.43 $ kgH2

− 1 were obtained rep
resenting a significantly larger cost reduction of 21.7% for an MR with a 
H2 production capacity of 100 m3 h− 1. A similar trend was observed for 
the capacities of 300 and 700 m3 h− 1, where the unit H2 production costs 
of 8.50 and 8.08 $ kgH2

− 1 for a PBR and 6.58 and 6.23 $ kgH2
− 1 for an 

MR, respectively, and greater cost reductions of 22.6% and 22.9%, 
respectively, were achieved with an MR. From these results, the eco
nomic feasibility of an MR in MCH dehydrogenation and the effect of 
scale-up on the economic competitiveness of an MR could be confirmed. 
When comparing the results from this study with previous reported data, 
the minimum unit H2 production cost of 6.23 $ kgH2

− 1 in the MR at 700 
m3 h− 1 is still higher than ones by conventional methods such as steam 

Fig. 3. Block flow diagram (BFD) for methylcyclohexane (MCH) dehydrogenation in a packed-bed reactor (PBR) and a membrane reactor (MR).  
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methane reforming (2.27 $ kgH2
− 1) and methane pyrolysis (1.59–1.70 $ 

kgH2
− 1), but economically competitive with other developing technolo

gies such as solar photovoltaic electrolysis (5.78–23.27 $ kgH2
− 1) and 

nuclear electrolysis (4.15–7.00 $ kgH2
− 1) [60]. 

Fig. 4. compares the economic parameter component ratio for a PBR 
and an MR, indicating a very high operating cost ratio for both systems. 
This was especially evident when the H2 production capacity of both 
systems was increased, indicating a high operating cost ratio of 95% for 
both a PBR and an MR. With increasing H2 production capacity, the 
main economic parameter influencing the economic cost changed from 
labor to natural gas, where the labor ratios were of 20% and 2% for a 
PBR and 25% and 3% for an MR in H2 production capacities of 30 and 
700 m3 h− 1, respectively. The natural gas ratios were obtained as 6% 
and 8% for a PBR and 6% and 10% for an MR for H2 production ca
pacities of 30 and 700 m3 h− 1, respectively. The reactant cost was highly 
influential economic parameter for both systems and capacities. Based 
on these results, the important economic parameters for MCH dehy
drogenation were determined and the economic feasibility of an MR was 
demonstrated, with reduction of the unit H2 production cost. 

3.2. Sensitivity analysis (SA) 

To investigate effects of each economic parameter on the unit H2 
production cost, SA was conducted by varying each factor in the range of 
±20% with the other parameters fixed. 

Figs. 5 and 6 show the results of the SA, where the key parameters are 
marked with an asterisk (*); the figures also show the ranges of the unit 
H2 production cost variation. For all H2 production capacities of 30, 100, 
300, and 700 m3 h− 1, the reactant cost was identified as the most im
pactful economic parameter influencing the unit H2 production cost, 
where the variation in the unit H2 production cost was 11.35%, 14.05%, 
15.72%, and 16.49% for a PBR and 10.77%, 13.54%, 15.29%, and 
16.17% for an MR at the respective production capacities. The next most 
influential economic parameters differed depending on the H2 produc
tion capacity. For a PBR, labor was found to be the next most influential 
economic parameter, where the variation in the unit H2 production cost 
was 3.96% and 1.96% for H2 production capacities of 30 and 100 m3 

h− 1, respectively. However, for the capacities of 300 and 700 m3 h− 1, 
natural gas was identified as next most influential parameter, where the 
variation in the unit H2 production cost was of 1.55% and 1.63%, 
respectively. A similar trend was also observed for the MR, labor was 
identified as the next most influential economic parameter, and the 
variation in the unit H2 production cost was 4.99% and 2.50%, respec
tively, for H2 production capacities of 30 and 100 m3 h− 1. Similar to the 
PBR, the next most influential economic parameter changed from labor 
to natural gas, with variations of 1.82% and 1.93% when the capacity 
was increased from 300 to 700 m3 h− 1. In short, reactant cost, labor, and 
natural gas were identified as the key economic parameters through SA 

Table 1 
Itemized cost estimation of a packed-bed reactor (PBR) and a membrane reactor 
(MR) for H2 production capacities of 30, 100, 300, and 700 m3 h− 1.  

Items PBR/$ 
y− 1 

Unit H2 

production cost/ 
$ kgH2

− 1 

MR/$ y− 1 Unit H2 

production cost/ 
$ kgH2

− 1 

30 m3 h− 1 

1. Capital Cost 32,527 1.49 24,384 1.12 
Reactor 15,414 0.71 15,414 0.71 
Membrane 

module 
0 0.00 96 0.00 

Compressor 2,008 0.09 887 0.04 
PSA 10,501 0.48 4,892 0.22 
Supplement 4,605 0.21 3,095 0.14 
2. Operating 

Cost 
224,137 10.27 180,041 8.25 

Reactant 145,676 6.68 109,864 5.03 
PSA OPEX 47 0.00 35 0.00 
Sweep gas 0 0.00 106 0.00 
Electricity 4,274 0.20 0 0.00 
Labor 50,833 2.33 50,833 2.33 
Membrane     
replacement 0 0.00 19 0.00 
Natural gas 14,323 0.66 13,145 0.60 
Maintenance 5,990 0.27 4,025 0.18 
Other cost 2,995 0.14 2,013 0.09 
3. Total Cost 256,664 11.76 204,425 9.37  

100 m3 h− 1 

1. Capital Cost 66,985 0.92 50,101 0.69 
Reactor 31,743 0.44 31,743 0.44 
Membrane 

module 
0 0.00 96 0.00 

Compressor 4,134 0.06 1,827 0.03 
PSA 21,625 0.30 10,075 0.14 
Supplement 9,482 0.13 6,360 0.09 
2. Operating 

Cost 
623,761 8.58 490,184 6.74 

Reactant 485,586 6.68 366,215 5.03 
PSA OPEX 156 0.00 118 0.00 
Sweep gas 0 0.00 106 0.00 
Electricity 4,274 0.06 0 0.00 
Labor 67,500 0.93 67,500 0.93 
Membrane     
replacement 0 0.00 19 0.00 
Natural gas 47,742 0.66 43,817 0.60 
Maintenance 12,335 0.17 8,273 0.11 
Other cost 6,167 0.08 4,137 0.06 
3. Total Cost 690,746 9.50 540,285 7.43  

300 m3 h− 1 

1. Capital Cost 129,494 0.59 96,754 0.44 
Reactor 61,365 0.28 61,365 0.28 
Membrane 

module 
0 0.00 96 0.00 

Compressor 7,992 0.04 3,531 0.02 
PSA 41,805 0.19 19,477 0.09 
Supplement 18,331 0.08 12,285 0.06 
2. Operating 

Cost 
1,724,663 7.90 1,338,708 6.13 

Reactant 1,456,759 6.68 1,098,644 5.03 
PSA OPEX 469 0.00 353 0.00 
Sweep gas 0 0.00 106 0.00 
Electricity 4,274 0.02 0 0.00 
Labor 84,167 0.39 84,167 0.39 
Membrane     
replacement 0 0.00 19 0.00 
Natural gas 143,226 0.66 131,450 0.60 
Maintenance 23,845 0.11 15,980 0.07 
Other cost 11,923 0.05 7,990 0.04 
3. Total Cost 1,854,157 8.50 1,435,463 6.58  

700 m3 h− 1 

1. Capital Cost 215,295 0.42 160,791 0.32 
Reactor 102,025 0.20 102,025 0.20 
Membrane 

module 
0 0.00 96 0.00 

Compressor 13,288 0.03 5,871 0.01 
PSA 69,504 0.14 32,383 0.06  

Table 1 (continued ) 

Items PBR/$ 
y− 1 

Unit H2 

production cost/ 
$ kgH2

− 1 

MR/$ y− 1 Unit H2 

production cost/ 
$ kgH2

− 1 

Supplement 30,478 0.06 20,417 0.04 
2. Operating 

Cost 
3,898,968 7.66 3,011,837 5.92 

Reactant 3,399,105 6.68 2,563,502 5.03 
PSA OPEX 1,094 0.00 824 0.00 
Sweep gas 0 0.00 106 0.00 
Electricity 4,274 0.01 0 0.00 
Labor 100,833 0.20 100,833 0.20 
Membrane     
replacement 0 0.00 19 0.00 
Natural gas 334,195 0.66 306,716 0.60 
Maintenance 39,645 0.08 26,558 0.05 
Other cost 19,823 0.04 13,279 0.03 
3. Total Cost 4,114,264 8.08 3,172,628 6.23  
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and the trend for each parameter in MCH dehydrogenation with varia
tion of the H2 production capacity was quantified. 

3.3. Scenario analysis 

3.3.1. H2 production capacity 
Because of the continuous growth in the demand for H2 along with 

various policies and technical improvements, small-scale H2 production 
should be implemented for distributed application. Currently, the H2 

Fig. 4. Pie diagram of a unit H2 production cost for (a) a packed-bed reactor (PBR) and (b) a membrane reactor (MR) with H2 production capacities of 30, 100, 300, 
and 700 m3 h− 1. 

Fig. 5. Sensitivity analysis (SA) results of a packed-bed reactor (PBR) for H2 production capacities of (a) 30, (b) 100, (c) 300, and (d) 700 m3 h− 1.  
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production capacity of on-site H2 refueling stations is typically less than 
187 m3 h− 1, with an average value of 47 m3 h− 1 [61]. However, to 
accomplish a successful H2 society and replace conventional fossil fuel 
with H2 energy, economic feasibility study involving a more diverse H2 
production capacity is essential. Scenario analysis was used to investi
gate the variation of the H2 production cost based on the H2 production 
scale. The investigated range of the H2 production scale was from 30 to 
700 m3 h− 1 and the unit H2 production cost for each capacity was 
estimated by employing the conventional PBR and H2 permeance values 
of 5× 10− 7, 5× 10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1 at three different 
temperature of 483, 513, and 543 K. As confirmed earlier, use of an MR 
can enable reduction of the unit H2 production cost compared that for a 
PBR and the cost reduction effect becomes more impactful as the H2 
permeance of the membrane increases. 

Fig. 7 shows the results of the scenario analysis at temperature of 
483, 513, and 543 K. At 483 K, the unit H2 production cost and extent of 
cost reduction decreased as the H2 production scale increased. For a 
PBR, the possible H2 production cost range was from 47.92 to 43.93 $ 

kgH2
− 1, with respective ranges of 47.31 to 43.70 $ kgH2

− 1, 46.24 to 42.72 
$ kgH2

− 1, and 36.62 to 33.14 $ kgH2
− 1 for the H2 permeances of 5× 10− 7, 

5× 10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1. At the maximum investigated 
H2 production capacity of 700 m3 h− 1, the unit H2 production cost for a 
PBR of 43.93 $ kgH2

− 1 was reduced to 33.14 $ kgH2
− 1 for an MR, where 

cost reduction of 24.6% is larger than that (23.6%) achieved with a H2 
production capacity of 30 m3 h− 1. Similar trends were observed for 
temperatures of 513 and 543 K, where the unit H2 production cost and 
extent of cost reduction declined as the H2 production capacity 
increased. For temperatures of 513 and 543 K, ranges of 20.78 to 17.03 $ 
kgH2

− 1 and 11.76 to 8.09 $ kgH2
− 1 for a PBR, 20.30 to 16.87 $ kgH2

− 1 and 
11.30 to 8.00 $ kgH2

− 1, 19.71 to 16.32 $ kgH2
− 1 and 11.12 to 7.84 $ 

kgH2
− 1, 14.00 to 10.69 $ kgH2

− 1 and 9.37 to 6.23 $ kgH2
− 1 for permeance 

of 5× 10− 7, 5× 10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1, respectively, 
were obtained. Similar to the case of 483 K, the cost reductions for a PBR 
versus an MR increased from 32.6% to 36.6% at 513 K and from 20.3% 
to 22.9% at 543 K. 

From the comprehensive perspective, the unit H2 production cost at 

Fig. 6. Sensitivity analysis (SA) results of a membrane reactor (MR) for H2 production capacities of (a) 30, (b) 100, (c) 300, and (d) 700 m3 h− 1.  

Fig. 7. Scenario analysis on a unit H2 production cost between a packed-bed reactor (PBR) and a membrane reactor (MR) for H2 production capacities of 30 to 700 
m3 h− 1 with different permeance of 5× 10− 7, 5× 10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1 at (a) 483, (b) 513, and (c) 543 K. 
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the permeance of 5 × 10− 5 mol m− 2 s− 1 Pa− 1 was dramatically lowered 
compared to the other three cases, confirming the economic feasibility 
of an MR and the need for technical improvement. In addition, as the 
temperature increased, the decline in the H2 production cost became 
more pronounced, suggesting the probability for further reduction of the 
unit H2 production cost in an MR. 

In short, the overall trend of the unit H2 production cost depending 
on the H2 production capacity was investigated for different tempera
tures and permeances. The results clearly show that technical advances 
and operation at proper reaction temperature can lead to economic 
competitiveness of H2 production using MCH dehydrogenation in an MR 
at the on-site scale, compared to the a PBR system. 

3.3.2. Temperature 
As shown in Fig. 2, the MCH conversion can be improved by 

increasing the operating temperature because of the endothermic nature 
of MCH dehydrogenation. Enhancing MCH conversion can influence the 
unit H2 production cost by decreasing the amount of feedstock. Based on 
this close relationship between the reaction temperature and H2 pro
duction cost, scenario analysis in terms of the temperature was carried 
out to determine the overall trend of effect of temperature on the unit H2 
production cost. 

Fig. 8 shows the results of scenario analysis when the temperature 
was varied in the range of 483 to 543 K for a H2 production capacity of 
30 m3 h− 1. As expected, the H2 production cost dramatically decreased 
as the temperature increased in all cases emphasizing the importance of 
proper reaction temperature and showing cost reductions of 75.2%, 
76.7%, 76.1%, and 74.4% for a PBR and H2 permeance of 5× 10− 7, 5×

10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1 at temperatures between 483 and 
543 K. The H2 production costs differed minimally for a PBR, H2 per
meances of 5 × 10− 7 and 5 × 10− 6 mol m− 2 s− 1 Pa− 1, where the H2 
production cost ranged from 47.92 to 11.76 $ kgH2

− 1, 47.31 to 11.30 $ 
kgH2

− 1, and 46.24 to 9.95 $ kgH2
− 1, respectively. However, in case of a H2 

permeance of 5 × 10− 5 mol m− 2 s− 1 Pa− 1, significantly decreased H2 
production costs were obtained in a range of 36.62 to 9.37 $ kgH2

− 1. 
Furthermore, the rate of cost reduction flatlined beyond 533 K when the 
permeance was 5 × 10− 5 mol m− 2 s− 1 Pa− 1; however, the H2 production 
costs are likely to continue to decline at even higher reaction tempera
tures, suggesting technical improvement of an MR and thus a lower heat 

requirement. 
In short, scenario analysis focusing on the temperature indicated 

significant effects of both temperature and H2 permeance on the unit H2 
production cost. 

3.3.3. H2 permeance 
Because the novelty of an MR involves the use of a H2 permeable 

membrane, technical improvement of the membrane may enhance the 
economic feasibility of MCH dehydrogenation in an MR. According to Le 
Chatelier’s principle, high H2 permeance can enable increased H2 pro
duction similar to the effect of temperature on H2 production, thereby 
reducing the H2 production cost. Based on these facts, scenario analysis 
focusing on the H2 permeance at different temperatures (483, 513, and 
543 K) was conducted to investigate the impact on the H2 production 
cost. 

As shown in Fig. 9, the unit H2 production costs declined as the 
permeance increased in the range of 5 × 10− 7 to 5 × 10− 4 mol m− 2 s− 1 

Pa− 1. 
At the temperature of 483 K, the unit H2 production cost ranged from 

47.31 to 45.14 $ kgH2
− 1 for permeances of up to 1 × 10− 5 mol m− 2 s− 1 

Pa− 1, where the rate of cost reduction was low. However, at higher 
permeance, a very high rate of cost reduction was achieved and the 
decline continued up to the end point of 1 × 10− 4 mol m− 2 s− 1 Pa− 1, 
with resulting H2 production costs of 45.14 to 18.46 $ kgH2

− 1. At 513 K, 
the cost reduction followed a similar trend, where rate of cost reduction 
was lower up to a permeance of 1 × 10− 5 mol m− 2 s− 1 Pa− 1, compared to 
the case at 483 K, with H2 production costs of 20.30 to 19.03 $ kgH2

− 1. 
Similar to the case at 483 K, from a certain turning point, i.e., 1 × 10− 5 

mol m− 2 s− 1 Pa− 1, a relatively higher, but much lower rate of cost 
reduction compared to a case at 483 K, was obtained up to a permeance 
of 1 × 10− 4 mol m− 2 s− 1 Pa− 1 with unit H2 production costs of 19.03 to 
10.56$ kgH2

− 1. However, from that limiting point, the unit H2 produc
tion costs flatlined, with a very narrow cost range of 10.56 to 10.54 $ 
kgH2

− 1. The lowest rate of reduction of the unit H2 production cost 
(11.24 to 9.07 $ kgH2

− 1) was obtained at 543 K, where the degree of cost 
reduction was 19.6% between the end points of 5 × 10− 7 and 5 × 10− 4 

mol m− 2 s− 1 Pa− 1 compared to 60.9% and 48.5% for 483 and 513 K. 
These results show that the H2 permeance affects the rate of reduc

tion of the unit H2 production cost, and the latter decreased as the 

Fig. 8. Scenario analysis on a unit H2 production cost between a packed-bed reactor (PBR) and a membrane reactor (MR) for H2 production capacities of 30 m3 h− 1 

with different permeance of 5× 10− 7, 5× 10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1 and temperature of 483 to 543 K. 
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Fig. 9. Unit H2 production cost of a membrane reactor (MR) for H2 production capacity of 30 m3 h− 1 with permeance of 5 × 10− 7 to 5 × 10− 4 mol m− 2 s− 1 Pa− 1 and 
temperature of 483, 513, and 543 K. 

Fig. 10. Comprehensive scenario analysis on a unit H2 production cost of a membrane reactor (MR) for H2 production capacity of (a) 30, (b) 100, (c) 300, and (d) 
700 m3 h− 1 with temperature of 483 to 543 K and permeance of 5 × 10− 7 to 5 × 10− 5 mol m− 2 s− 1 Pa− 1. 

M. Byun et al.                                                                                                                                                                                                                                   



Energy Conversion and Management 227 (2021) 113576

10

temperature increased. 

3.3.4. Comprehensive study 
Scenario analyses focusing on the effects of the H2 production ca

pacity, temperature, and H2 permeance on the unit H2 production cost 
were performed. To investigate these parameters more extensively, 
comprehensive scenario study expressed as color map and contour plot 
was conducted with overall unit H2 production costs depending on 
temperature and H2 permeance at various H2 production capacities. 

Fig. 10 shows the unit H2 production cost distributions at H2 pro
duction capacities of (a) 30, (b) 100, (c) 300, and (d) 700 m3 h− 1, where 
the red to blue areas correspond to 47.3 to 6.2 $ kgH2

− 1; the contour plot 
indicates certain unit H2 production costs of 42.16, 37.03, 31.89, 26.75, 
21.61, 16.48, and 11.34 $ kgH2

− 1. The investigated temperature and H2 
permeance ranges of 483 to 543 K and 5 × 10− 7 to 5 × 10− 5 mol m− 2 s− 1 

Pa− 1, respectively, are expressed on the log scale. 
In all cases, the unit H2 production cost decreased as the temperature 

and H2 permeance increased, and the curvature of the contours was very 
pronounced in the H2 permeance range of 1 × 10− 5 to 5 × 10− 5 mol m− 2 

s− 1 Pa− 1 indicating the effect of the H2 permeance on the cost reduction. 
In addition, as the temperature increased, the curvature became more 
pronounced, indicating the importance of both temperature and H2 
permeance for estimation of the unit H2 production cost. On the other 
hand, the unit H2 production cost also declined as the H2 production 
capacity increased, i.e., from the wider region of the blue color (lower 
cost) and moving down the positions of the contours. 

In short, the distributions of the unit H2 production cost based on the 
H2 production capacity, temperature, and H2 permeance as techno- 
economic parameters were simultaneously investigated and effects of 
these parameters were confirmed. 

3.4. Carbon footprint analysis (CFA) 

To investigate the environmental effect of MCH dehydrogenation in 
an MR compared to the a PBR, CFA was conducted to assess the unit CO2 
emissions for a H2 production capacity of 30 m3 h− 1 (Fig. 11). In a case 
of a PBR, a total unit CO2 emission of 3.866 kgCO2 kgH2

− 1 was obtained. 
In more detail, the CO2 emissions from the reactor, heater, and 
compressor were 2.088, 1.093, and 0.685 kgCO2 kgH2

− 1, respectively. In 
the case of the MR, a much lower total CO2 emission of 3.022 kgCO2 
kgH2

− 1 was obtained, corresponding to a reduction of 21.8%. In addition, 
all CO2 emissions from each part were reduced compared to those of a 
PBR: 2.027 kgCO2 kgH2

− 1 for the reactor; 0.819 kgCO2 kgH2
− 1 for the 

heater; and 0.176 kgCO2 kgH2
− 1 for the compressor; corresponding to 

cost reductions of 2.92, 25.1, and 74.3% for the reactor, heater, and 

compressor, respectively. These cost reductions in an MR were derived 
from the lower heat demand, less reactant, and purer product stream 
from the reactor. These results confirm the environmental feasibility of 
MCH dehydrogenation in an MR. 

4. Conclusions 

Methylcyclohexane (MCH) dehydrogenation in both a packed-bed 
reactor (PBR) and a membrane reactor (MR) was technically and 
economically investigated. Based on process simulation, economic an
alyses of the itemized cost estimation, sensitivity analysis (SA), and 
scenario analysis were carried out to investigate economic feasibility of 
MCH dehydrogenation in an MR. From the itemized cost estimation, unit 
H2 production costs of 11.76, 9.50, 8.50, and 8.08 $ kgH2

− 1 for the PBR 
and 9.37, 7.43, 6.58, and 6.23 $ kgH2

− 1 for an MR were obtained for H2 
production capacities of 30, 100, 300, and 700 m3 h− 1, respectively, 
clearly showing the cost effectiveness of an MR. The reactants, labor, 
and natural gas were identified as key economic parameters for all H2 
production capacities for both types of reactors. To investigate the ef
fects of the H2 production capacity, temperature, and H2 permeance as 
techno-economic parameters, scenario analyses were carried out. The 
variation of the unit H2 production costs for H2 production capacities of 
30 to 700 m3 h− 1 was evaluated at temperatures of 483, 513, and 543 K, 
and permeances of 5× 10− 7, 5× 10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1, 
clearly showing that economy of scale and 33.5% cost reduction could 
be achieved at the highest temperature and H2 permeance. The effect of 
temperature on the unit H2 production costs for a H2 production ca
pacity of 30 m3 h− 1 was evaluated for temperatures of 483 to 543 K and 
permeances of 5× 10− 7, 5× 10− 6, and 5 × 10− 5 mol m− 2 s− 1 Pa− 1. A 
very high cost reduction of 76.7% was achieved between 483 and 543 K, 
demonstrating the importance of temperature in endothermic reactions 
such as MCH dehydrogenation. The effect of the H2 permeance on the 
unit H2 production cost was also investigated at temperatures of 483, 
513, and 543 K for the H2 production capacity of 30 m3 h− 1. Similar to 
the effects of temperature, a dramatic cost reduction of 60.9% was 
achieved for permeances between 5 × 10− 7 and 5 × 10− 4 mol m− 2 s− 1 

Pa− 1, and this cost reduction declined as the temperature increased, 
showing that high H2 permeance can enable a reduction of the required 
heat. Furthermore, comprehensive scenario analysis of the overall ef
fects of the parameters on the unit H2 production cost at temperatures of 
483 to 543 K, permeances of 5 × 10− 7 to 5 × 10− 5 mol m− 2 s− 1 Pa− 1, and 
for H2 production capacities of 30, 100, 300, and 700 m3 h− 1 were 
conducted to generate color map and contour plots. Notably, within the 
H2 permeance range of 1 × 10− 5 to 5 × 10− 5 mol m− 2 s− 1 Pa− 1 and from 

Fig. 11. CO2 flow diagrams of MCH dehydrogenation for a PBR and an MR based on carbon footprint analysis (CFA).  
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a temperature of 513 K, a dramatic cost reduction was obtained for all 
H2 production capacities. Environmental evaluation based on carbon 
footprint analysis (CFA) indicated dramatic reduction of the total CO2 
emission (by 21.8%) for the MR. Conclusively, the economic and envi
ronmental feasibility of MCH dehydrogenation in an MR for the efficient 
and CO2-free H2 production process was confirmed, providing insightful 
and practical guidelines. 
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