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The University of Manchester
Abstract

Building a predictive model for PHB production from glycerol

In recent years, the potential of biological routes to replace fossil fuel-based technologies in the drive towards
sustainable production of chemicals and energy has been explored and demonstrated. Biodegradable polymers
derived from renewable resources could contribute to the global production of plastics (300 million tons per
year) currently derived mainly from crude oil refining. However, an efficient design and optimization is required
if bioprocesses are to be competitive with oil-based equivalents and describing microbial kinetics is an essential
element of the necessary process development for this transition towards a bio-based economy.
Polyhydroxybutyrate (PHB) is a storage compound, which accumulates in various microorganisms, with
properties comparable to those of oil-derived plastics. For the case of the wild type bacterial strain Cupriavidus
necator, PHB synthesis occurs in situations when there is a lack of an essential nutrient for growth but an excess
of carbon. In such cases, carbon is stocked inside insoluble inclusion bodies in the form of PHB. The
intracellular polymer can later be mobilized by the cell with favourable energy outcomes. This mechanism of
product formation decoupled from growth challenges PHB production in simple batch systems. Thereby a
careful evaluation of the feeding of nutrients is essential to enhance productivities. In this study, PHB production
from glycerol by C. necator has been investigated with the objective of building a macroscopic model that could
assist the process evaluation.

Glycerol, an inherent by-product of the biodiesel industry, has been used throughout the research presented in
this thesis as it is a potential low-cost industrial feedstock for PHB production. However, cells exhibit a long lag
phase and slow growth when cultivated in glycerol for the first time. To overcome these problems, an adaptation
procedure was carried out. By the 15" generation of cells grown on glycerol, the doubling time had been reduced
from 22 to 1.5 h and the normal preference for glucose over glycerol (catabolic repression effect) was reversed.
A further adaptation process with higher glycerol levels showed an improved tolerance up to 100 g/l, which
enabled future fermentations with large amounts of glycerol.

The fermentation kinetics were determined from batch studies and a relatively simple model was gradually
refined and improved with each successive series of experiments. Kinetic constants extracted from the
experimental data were treated as absolute constants rather than adopting best fit values each time. The resultant
model, a double-substrate multiple-inhibition Monod-type set of equations, was then used to search for the best
initial conditions of substrates, solve optimization problems and analyse different scenarios based on these fixed
constants. The dual effect of carbon and nitrogen were examined and it was found that absolute amounts, not just
ratios, determine the fate of the system. In this way, the fraction of biomass that is not PHB, called in this thesis
‘associated biomass’, was determined to be linearly related to the amount of nitrogen provided up to a certain
level (3 g/l ammonium sulphate). Nitrogen concentrations above a low level were found to inhibit PHB
formation while large excesses of carbon were channelled towards by-product (organic acids) formation. Also,
the PHB production rate was seen to be influenced by total biomass concentration, to which both PHB and
associated biomass contribute. Studies involving forced aeration showed that oxygen availability sets a threshold
on the amount of biomass that can be formed in non-aerated systems, e.g. flasks, but did not affect the results in
bioreactors as long as the dissolved oxygen was maintained above 20 % of saturation level.

Using the model to predict conditions and mode of operation under which PHB production could be maximized,
high density cultures (>30 g/l) with high PHB content (almost 80 %) were successfully achieved through nutrient
feeding. To maintain an uninterrupted product formation rate, feeding of a complete medium with specified
composition was found to be best in both experimental and computational studies. The development of the
model and its later application in predicting fermentation profiles have therefore been instrumental in acquiring a
macroscopic understanding of a complex system while significantly reducing experimental burden. In an
industrial process, separation costs and the cost of PHB itself will ultimately determine whether it is PHB or total
biomass that should be maximized. In this way, the work presented in this thesis improves the possibility of the
integration of PHB production within a biodiesel plant to reduce the gap between petroleum-based chemicals and
the bio-based future.
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Introduction

1.1 The increasing importance of bioprocessing

Biotechnology is the application of scientific and engineering principles to the processing of materials
by biological agents (OECD 2005). Although this word is being heard today more than ever, the use
of living organisms (or their components) to generate desired products has been practiced since the
dawn of civilization. It is known that ancient Egyptians were regular consumers of fermented
beverages, such as beer, wine or mead. Other fermented products, tofu, tempeh, natto, bread, kefir and

cheese have been essential for the diet of eastern and western regions for centuries.

The basis for those processes was, however, unknown until Pasteur, in the 19th century, began
working with yeasts and proved they were living organisms. The later discovery of Escherichia coli
and the isolation of pure strains boosted the research in biotechnology and development of bioproducts
which continued in the 20th century, driven by context of wars. For example the industrial acetone-
butanol-ethanol (ABE) fermentation process was developed at Manchester University and was
extensively used in munitions products and later in paint varnish production (Venkataramanan &
Scholz 2014) . The availability of other bioproduct, antibiotics, within the Allies is argued to have
changed the fate of World War I1.

Successfully first achieved in 1973 by Cohen et al., the possibilities of joining together DNA
molecules from different species opened the door to molecular biology and genetic engineering. The
studies on recombinant technology have made tremendous progress in recent decades and there is no
doubt that it will play a major role in the future (to breed high yielding crops, provide diagnostic kits
and tailor more efficient biocatalysts). However, there is still a long way to go before knowledge of

metabolism can be translated into process models.

The range and types of products derived from bioprocesses has also increased throughout history.
Whereas food and beverages were the main products in the past, the molecules that can nowadays be
synthesized biologically range from fine chemicals to textiles, including all types of products currently
derived from petroleum (Gavrilescu & Chisti 2005). This feature of microbes being versatile living
“factories” allows new synthesis routes for the production of everyday products which, moreover,

could constitute greener technologies.

As with energy, if the production of chemicals is to be sustainable, this would require a sustainable
(renewable) supply of raw material. Apart from CO, and water, the only renewable feedstocks for
chemical production are based on biomass. Biomass is biological material derived from living or
recently living organisms. This means that it can refer to the substrate (reactive) of a bioprocess or to

the biocatalyst used. Different types of biomass can be converted into a wide spectrum of products by
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numerous microorganisms under normally mild conditions, in terms of temperature, pH and pressure,
and producing biodegradable waste waters. Products include bulk and fine chemicals, solvents, fibres,
fuels, catalysts and even plastics (De Jong et al., 2012). It is therefore clear that as the world focuses
on sustainable growth, bioprocessing will play an ever more important role in the development of new

and more sustainable chemical industry products.

In recent years, the plastics industry has become one of the largest manufacturing industries.
Conventional plastics are either burnt after use, releasing toxic fumes and bulk pollutants, or they
accumulate in landfills and oceans. Although environmental politics aim to increase the recycling
levels and favor energy recovery over waste sent to landfill, the limited number of cycles that a plastic
can be recycled and the impossibility of incinerating every plastic, make plastic accumulation an
inescapable reality. Because they are rarely biodegradable, they can remain in the environment for
many years without decomposing. Bioplastics on the other hand, are generally biodegradable and can
be converted to carbon dioxide and water under aerobic conditions over much shorter time periods.
Consequently, there is much interest in bioplastics and research into these bio-counterparts has risen

exponentially over the past decade or so, as can be seen in Figure 1-1.

There are many different bioplastics, but most of them fall within three basic categories. These
include: naturally occurring bioplastic polymers, such as polyhdroxyalkanoates (PHASs) of which
polyhdroxybutyrate (PHB) is the most common; other naturally occurring polymers, such as starch
and cellulose, that can be converted into plastics; and monomeric products of metabolism, such as
lactic acid (LA), which can be polymerized to produce plastics (e.g. PLA). Those three types are
biodegradable plastics; however, there are also bio-based plastics which are not biodegradable (e.g.
polyethylene derived from sugar cane). For a plastic to be considered biodegradable it has to break
down relatively quickly and safely into harmless compounds, and eventually into very simple

compounds such as carbon dioxide and water, by the action of microorganisms such as fungi and

bacteria (Rivero et al. 2017).
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Figure 1-1:Trends in number of publications related to biobased polymers over recent years (Scopus 2016).
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The legislation in residues related to the EU circular economy package is changing in response to the
need for reducing the carbon dioxide emissions and enhancing the recycling taxes and using of
resources. For instance, in France, modification on the Waste Framework Directive have replaced light
plastic bags for bioplastic-based bags for fruits and vegetables and biodegradable or biocompostable
bags for residues. This and similar measurements adopted by other counties in Europe will strength the

bioplastic market (European Bioplastics e.V. 2015).

1.2 The challenge of bioprocessing

Despite the bright prospects for bioprocessing, the reality is that biotechnology lags behind the
development of petrol-based chemicals. The transition of bioproducts from the laboratory to a
manufacturing scale is often a very long process which ultimately depends on economic factors.
Consequently, the idea of biofuels, bulk biochemicals and biopolymeric materials partially replacing

conventional chemicals is still far from being realized.

Some of the reasons that could explain why the commercialization of bioprocesses has not been as fast
as expected are the fall in petrol prices, the discovery of new reserves of oil and gas, the higher cost of
agricultural raw materials compared to the former and the quite ineffective utilization of cellulosic
materials by microorganisms. The traditional strategy of ‘low volume and high price’ applies to the
biomedical field, chiral monomers and drug development, but it cannot be the approach for many other
bioproducts. Instead, we should aim for a high volume and low price strategy that can compete with

the chemical industry.

Synthetic biology can contribute to foster industrial biotechnology by applying new techniques (i.e.
assembling pathways that can metabolize mixed substrates, removing unnecessary pathways
consuming substrates) but it is also important to imitate chemical industry on some engineering
fundamentals (continuous and open processes, heat integration, by-product synergy). Going back to
the bioplastics example, and specifically to PHB as the most representative type, metabolic
engineering cannot be directly applied to suppress the pathways competing with product synthesis, and
continuous operation cannot be the operation mode to yield high product concentrations. Still, industry

can take advantage of inexpensive substrates, process optimization and process integration.

The challenge then is to understand and analyse bioprocesses so that they can be designed and
operated in a rational way. Considering that a fermentation process involves a multicomponent and
multiphase environment interacting with a (often heterogeneous) cell population with internal controls
(metabolic flexibility) and thousands of individual biochemical reactions, it seems intuitive that
fermentation profiles would reflect the very complex growth dynamics. That is why modelling

bioprocesses often comes with many assumptions that can scarcely be verified.
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Nonetheless, models can be powerful tools for the design of fermentations, a task that when done
experimentally can be very tedious. A model, on the other hand, is an image of a real system that
shows analogous behavior in the important properties and that allows, within a limited region, a
prediction of the behavior of the original system (Bellgardt 2000). In this way, experimental studies
can be replaced by the model with many advantages. The first one is economic: it is much cheaper
(and faster) using the model to predict data than obtaining those results empirically. For research and
development purposes and because the model is less complex than the real system, some effects can be
suppressed in order to emphasize others. Last but not least, the exercise of modelling helps to clarify
the understanding of the process being described.

The model can be seen as a calculation rule that relates the pattern observed in the output variables to a
certain pattern given in the input variables. Other components of the model are the parameters, which
are fixed entities of the system. Once these parameters are known and the model validated, the model

can be used for other purposes as indicated in Figure 1-2.

Input Output
— 2
Input ?

— | Model —»

? Output

— | Model |—*

Figure 1-2: A model gives the relationship between inputs and outputs of a determined system. It can be used to
determine the output based on a certain input or to find an input that would give the desired output (optimization).

The process of building a model is seldom a single-step exercise. Instead, it can be seen as an iterative
procedure that starts by taking advantage of existing models and elemental knowledge translated into
equations that could be adjusted to the nature of the phenomenon being modelled. These basic notions
need to be tested in order to find where the discrepancies between the preliminary version of the model
and the system of study lie. To do so, empirical data from the real system is required. The formulation
of the model can then be tweaked based on the latest information available. Higher levels of
complexity, new variables or factors affecting the system can be also incorporated to achieve a better
representation of real-life situations, bearing in mind that the more sophisticated a model is, the more
difficult it would be to gather the data to validate it and the more computationally intensive it will be.

That is why the first thing to know is the purpose for which the model is intended.
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Throughout this thesis, the development of mathematical model is described for the fermentation
dynamics of a particular bioprocess in order to guide the process optimization of the lab-scale
fermentation by using a systematic approach. A theoretical introduction to bioprocess modelling is

discussed next.

1.3 Considerations for design

Process design is the conceptual work normally done prior to building, expanding or retrofitting a
process plant (Petrides et al., 2015). Process design and, specifically bioprocess design, requires the
integration of knowledge from many different scientific and engineering disciplines (biology,
microbiology, chemistry, chemical engineering, mathematics, physics). The bioreactor or “fermenter”
is the vessel where the bioreaction that leads to the synthesis of the product takes place and it is
considered to be the heart of the process. The function of a properly designed bioreactor is to provide a
suitable environment (subject to control) for the growth and/or optimal formation of the product within
a particular cellular system. It is important to note that optimal usually refers to overall economics and

not necessarily to maximum conversion of substrate into product.
1.3.1 Classification of models

Once the type of reactor is chosen, the sizing of the fermenter would be a crucial aspect in the design
and, as for any other piece of equipment in a chemical plant, it involves solving mass balances. The

mass balance for a variable A, in liquid form, is calculated from Eq. 1-1:

dcy dv
v dt tCa dt = Finter - CAintet — Foutiet * CAouttet T 74" 4 Eg. 1-1

where V is the liquid volume inside the bioreactor, c, the concentration of the variable inside the
bioreactor; Fipe is the flow rate entering the bioreactor, cy;,,,,, is the concentration of the variable in
the flow entering the bioreactor, Foys e is the flow rate exiting the bioreactor; c4 ., IS the

concentration of the variable in the flow exiting the bioreactor and r, the rate of conversion of A (<0 if

A is consumed, >0 if A is produced).

For batch and fed-batch configuration, the expression is simplified and the flow terms disappear for
the former and only the inlet (feeding) remain for the latter. Depending on the expression for ra, we
find different types of models that can assist in the task of sizing the fermenter. The most complex
type of model considers differences in the cells within the population inside the reactor (segregated)
and also structuring at the cell level, so that intracellular events are taken into account (structured).

Alternatively, we find unsegregated and unstructured models, in which it is assumed that all cells in
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the population are identical (unsegregated) and biomass be represented by one state variable
(unstructured). Between these two extremes, other combinations can be found as illustrated by Figure
1-3:

Structuring at the cell level

©

>

2

c

2

2 Unstructured Structured
s non-segregated non-segregated
o .

Q

=

©

= ,

£ Unstructured Structured
2 segregated segregated
E .

»

Figure 1-3: Degrees of complexity in fermentation models (Bailey 1998).

An entirely different type of model is that based on the metabolic network of cells, so-called,
metabolic model. Although such models should describe the system perfectly, to achieve this, the
kinetics of each metabolic reaction would be required. The experimental difficulty of measuring
intracellular compounds throughout the course of a fermentation together with the very large number
of reactions taking place inside the cell challenges this particular modelling exercise. The information
revealed is often aimed at identifying bottlenecks and biochemical constraints which could potentially

be relieved by the application of genetic engineering tools (Smolke 2010).

Although the two different approaches, which could be referred to as macroscopic and intracellular
modelling, have different outputs and serve different purposes, it is worth questioning whether they
could be combined to enlarge the predictive capabilities of the resultant model. For doing so, while
keeping a model structure with a low complexity level, two strategies have been attempted (Sengupta
& Pike 2013). In the top-down approach, only the preponderant intracellular mechanism (having an
impact at the cell population level) is included in detail in a macroscopic model. For the bottom-up
approach, on the other hand, intracellular mechanisms are simplified and linked to the macroscopic
scale. In other words, joining macroscopic and metabolic scale (without greatly increasing the level of
computational complexity) has been done at the expense of over-simplifying, and sometimes

neglecting, phenomena from either scale.

In the research reported in this thesis, the purpose of the mathematical model to be constructed was the
process development of a particular bioproduct. The ultimate goal of the model was to be used for
design (e.g. equipment sizing) and not for searching for efficient pathways as in the case of metabolic

modeling. As neuronal network modeling dismisses the insights of the bioprocess reactions, it was not
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considered the best option to achieve a deep understanding of the fermentation basis. Hence,
macroscopic modelling was the approach chosen and conventional macroscopic kinetics are reviewed

below with the purpose of establishing the basis on which the computational studies have been built.

1.3.2 Kinetics of biomass production, product formation and substrate utilization in cell

cultures

Biomass production

Together with suitable environmental conditions, in terms of pH, temperature, aeration or exclusion of
oxygen, the microorganisms require the provision of (specific) substrates for growth. Sources of
carbon and nitrogen are essential for microbial growth, and to achieve optimal performance, the
medium is normally completed with minerals and salts which provide inorganic elements to act as

minor nutrients and/or enzymatic cofactors.

Although it is intended that the microorganism grows in optimal conditions, it is rare that substrates
are just provided in large excess. This is because the same substrate that favors growth is inhibitory
when surpassing a certain concentration. Also, cell metabolism can lead to undesirable products when
growth is too vigorous and substrates can be “wasted” into undesirable products as a natural

mechanism to cope with large amount of some chemicals.

In practise, all the nutrients that compose the medium are supplied within a range and one of them is
considered to limit growth, since its depletion occurs before the others. As the microorganism
catalyzes its own growth, it is expected that the biomass concentration, represented by X, appears in the

growth rate equation, Eq. 1-2:

_dx

1, = — =
*odt

U x Eq. 1-2

where 1 is the specific growth rate. Specific variables, obtained when dividing the variable by the
biomass concentration, are very useful to avoid the effect of the number of cells in the actual variable.

The most popular the expression for specific growth rate is the Monod equation (Eg. 1-3).

_ Hmax *S

Eqg. 1-3
Ks+S

This formulation is analogous to the Michaelis Menten equation for enzymatic kinetics and also to the
adsorption isotherm model proposed by Langmuir. In this case, y,q, represents the maximum growth

rate that the microorganism can possible achieve when growing on the limiting substrate (S). K, or the
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saturation constant, represents the concentration of the substrate that results in half of the maximum

specific growth rate. The effect of the saturation constant on  is illustrated in Figure 1-4.

0.4 T T

0.35-
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0.25+ .
02 / 1

015 ) .

Specific growth rate (1/h)

0.05 1

0 1 1 1 1 1 1 1 1 1
0 0.2 0.4 0.6 0.8 1 1.2 1.4 1.6 1.8 2

Substrate concentration (mM)

Figure 1-4: Dependence of specific growth rate on substrate concentration represented through a Monod expression
with different values for Kg: 0.13 mM (dashed-pink line), 0.28 mM (blue line) and 0.69 mM (x-green line) for a
constant value of fqy (0.4 ™).

For low concentration of S, growth rate is highly dependent on S and the relationship becomes almost
linear (first order). For very high concentrations on the other hand (S >>K), W tends to p,q, and its
value does not change even if the concentration of S keeps increasing (zero order). The Monod
equation has been extensively used to describe population growth in bioprocesses. However, this

simple equation has several limitations that other forms of the model try to address.
Another formulation with two parameters (Unax and K) is the Tessier equation (1936) shown in Eq.

1-4. However, this form of the model has not been taken up widely. The conceptual meaning of K is

different to that in the Monod equation.

S
U= Umax * <1 —e KS) Eq. 1-4

Figure 1-5 shows a comparison between the Monod and Tessier models using the same values for the

kinetic constants. It can be seen that the Tessier model saturates much quicker than the Monod model.
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Figure 1-5: Representation of Monod and Tessier models for describing growth rate as function of the limiting
substrate with p,,,,= 0.4 h* and K= 0.13 mM.

Contois (1959) introduced a new constant, B, (the apparent Contois constant) proportional to biomass
concentration (Eq. 1-5):

u= Hmax S Eq. 15
B-x+S§
The term (B - x) causes the specific growth rate to decrease as the population increases. The same
idea is found in the logistic-type equation (Eg. 1-6) which was actually formulated as a general model
of population growth, where N is the number of individuals in a population and K, the carrying

capacity.

dN K—N Eqg. 1-6

The above models are rather simplistic, being based on a single limiting substrate. It could be that
growth rate is simultaneously affected by more than one substrate, and thus, a multiple-substrate
model is required. Eq. 1-7 shows a model for a two-substrate system in which one substrate limits the
extent of growth while the other controls the rate (Bader 1978). This type of model is computed by

simply multiplying the expression for two single-substrate (Monod) models together.

U S1 S

Hmax Kg, +51 K, + 5> Eq. 1-7
As previously commented, not only can the substrate positively influence growth rate but can also be
inhibitory. Several models adapted from enzyme kinetics have been used to describe substrate

inhibition in microbial growth and are presented inTable 1-1.
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Table 1-1: Models of substrate inhibition in microbial growth. The number of parameters account for the number of
constants added to the already existent ks and piy,ax in Monod expression.

No.
Name Model
parameters
” __ Hmax'S
Haldane (uncompetitive) Ko+ (1 n %) 1
L
Hmax 'S 1
lerusalimsky (non-competitive) H= Ks+5 1. Cs 1
K;
Teisser = max (eCS/KD — e(=S/KS)) 1
. .S e(=5/KD)
Aiba u= Hmax e +eS 1
S
Hill (allosteric) _ % 1
S
-S
/’tmax'S'<1+'8K )
Webb U= 52 L 2
K+ S+ 3
N Kz
“= Pmax * S
Yano & Koga - 2 g3 2
: Krs+ET K
-S SA\"
Luong p= Hmax (1 _) 2
Ks+S S
Tseng & Wayman p=tmaS_ g o g 2
Ks+ S ! m
Chen (toxic substrate) ( S) 3
en (toxic substrate U= Umar* (1 ——
max K s+ S — (Ksz 5)?
_ Hmax 'S 1— i "
Han and Levenspiel H= m S, 4

KS(1—Si) +5

The generalized model of Han-Levenspiel aims to cover most of the inhibition cases. The cost in terms
of meaningfulness is the increased number of parameters, which gives more degrees of freedom to

artificially fit to experimental data.

As well as growth, there can also be reductions in the population due to reactions that consume
cellular material (endogenous metabolism). This is normally expressed by an extra term that reduces

the net growth as presented in Eq. 1-8.
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r=pu-x—k.q"x
x u cd Eq.1-8

where k.4 is the constant for cellular death. The equation is analogous to that which accounts for

endogenous metabolism.

Product formation

Kinetic models for product formation parallel descriptions for growth kinetics. Although it is accepted
that a robust model should be a close representation to the biochemical events taking place, there is
little development of structured kinetic models for product formation (Bailey 1976) . The simplest way
of expressing the kinetics of product (P) formation is to relate it to cellular growth or substrate

formation as Eq. 1-9 and Eq. 1-10 indicate.

dpP
=T Yo x "1y Eq. 1-9

T = ~Ypss'Ts Eq. 1-10

where Yy, is the yield of product from biomass and Y, is the yield of product based on substrate.
When those relationships hold true, as in the case of alcoholic fermentation, the products are often
called growth-associated products. Some other products are generated with a delay over growth or
even when stationary phase has been reached, these are called secondary metabolites and many
antibiotics such as penicillin exhibit this pattern. Then, the rate is assumed to be proportional to the
number of cells instead of the rate of growth (non-growth associated models). The Luedeking and
Piret model presented in Eq. 1-11 is a good catch-all and often suffices for product formation in the
case of extracellular products.

H=a1+pfx

Eq. 1-11

where a and 8 represent the growth and non-growth associated constant respectively.

A certain type of fermentation product not described by any particular model is the group of bulky
intracellular products, such as polymers and oils. These products accumulate over the fermentation
time course, inside the cells, so that biomass is composed of both conventional cell components and

fermentation product, which is not excreted to the medium.

Substrate consumption

The substrate, consumed from the medium, can be assimilated by the cells through different metabolic
routes and directed to cell growth, product formation or to generate energy that supports cellular

maintenance. In cell cultures where there are no extracellular products, apart from CO, and H,0, it can
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be assumed that the whole substrate is utilized for growth and maintenance purposes. Then, the rate of

consumption can be expressed as shown in Eq. 1-12:

T —g—r—x+m-x
s dt Yy s Eq. 1-12

where Y, ;s represents the real or theoretical yield of biomass based on substrate and my is known as

the maintenance coefficient.

Energy can be required by the cell for activities other than growth and product formation such as
keeping concentration gradients and electrical potential across membranes, futile cycles, turnover of
macromolecules. These maintenance requirements vary with the type of cell and might not be constant
for all growth rates. Whenever mg is very small (0.01-0.04), the substrate consumption rate can be

approximated by Eq. 1-13:

Tx

Ty = —
* Yess Eq. 1-13

Other authors prefer including the substrate consumption for maintenance in that associated with

growth and refer to an apparent yield, Yy s .

This short review does not aim to cover all existing models but present some basic expressions for
describing macroscopic Kinetics. Adaptations of these forms are common in the literature and specific
equations are normally developed for describing a particular fermentation. Developing new and more
general expressions, which can be appropriately adjusted to apply in different systems, would be
preferable to the current practice of developing highly specific model on a case by case basis and

could be of benefit to the scientific community.
1.3.3 Other factors affecting the design

Besides the reaction kinetics, other aspects such as microbiology, fluid dynamics and heat and mass
transfer can play a significant role in many bioprocesses. When this is the case, they should be
carefully evaluated as they could influence the choice of reactor and will definitely have an effect on
fermentation results; thus, their study and understanding would enable better interpretations of the data

obtained.

The task of designing a bioreactor should not be done without considering the requirement for aseptic
conditions, control of fermentation indicators and implications for the separation and purification
stages (downstream). The downstream operation would depend on the type of product (intracellular/

extracellular) and the degree of purity sought. Waste materials can have positive or negative value and
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would be treated accordingly. Although it goes beyond the work done for this project, frequently the
success of a design also relies on its scalability. Traditional methods to do this are based on keeping
constant critical parameters in both scales (e.g. power requirement, impeller tip speed, volumetric
mass transfer coefficient). More recently, computational studies on fluid dynamics have shown its

efficiency for scaling-up despite the complexity of the task.

Once a process flowsheet has been drawn and stream data and equipment sizes have been calculated,
the utilities design can be carried out. An economic evaluation and environmental impact studies
would then determine the feasibility of the project. It is important to have and keep a holistic
approach; bearing in mind that, changes in any of the stages would have an effect on the overall
behaviour (i.e. a new by-product formed due to very large substrate input would affect the separation
stages).

For in-depth understanding of the culture dynamics and for suitable reactor design, a mathematical
model is developed throughout this thesis using PHB production as a model process. The product of
interest, PHB, belongs to the intracellular macromolecules that microorganisms can synthesize. Unlike
primary metabolites (ethanol, acetate, lactate) or even secondary metabolites (e.g. penicillin), the field
of intracellular macromolecules has not received much attention in recent reviews on the modelling of
microbial processes. Thus PHB has been chosen as the target product for the studies conducted here
because it is a potential representative of the paradigm for this group and is also of important
commercial interest. To prepare for this, the following chapter reviews the literature on PHB

production.
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2.1 Introduction

2.1.1 Carbon storage in living organisms

Living organisms have a limited set of exergonic (energy releasing) pathways (normally glucose
catabolism during cellular respiration) and a multitude of pathways that require energy (endergonic).
Adenosine triphosphate (ATP) is a direct link between these two types of reactions (Lehninger 1959).
In this way, the energy released from exergonic processes and that cannot be stored as free energy
without increasing too much the temperature inside the cell, is stored in the form of ATP. When energy
is abundant, cells can produce energy-rich molecules to deal with such excess (Brigham & Kurosawa

2011).

Organisms from all across the living kingdoms have developed the ability to synthesize storage
molecules (Radakovits et al., 2010). These compounds act as energy or material reservoirs and can be
chemically transformed to release energy, carbon or some other element (S, P, N) abundant in their
composition and required by the organism (e.g. volutin granules of polyphosphate (Pallerla et al.,
2005)). Starch, glycogen or triglycerides are examples of storage compounds that provide carbon,
whereas creatine phosphate is only an energy sink (Thauer et al., 1977). Storage compounds can be
accumulated within intracellular bodies (e.g. starch) or be dispersed throughout the cellular cytoplasm
(e.g. glycogen) and, while they differ in nature and chemistry, they have some common features. Their
molecular weight is normally high and they have a high energy density so that they do not cause an
increase in the osmotic pressure and are relatively easy to transport, especially when present in motile

organisms (Society for General Microbiology 1992).

Storage materials in plants and animals have been known since ancient times. However, their presence
in bacteria was not confirmed until recently. It was doubted that unicellular organisms would require
storage compounds as, unlike higher organisms, they do not need energy for activities such as
muscular movements, hormonal production and temperature maintenance. According to Wilkinson
(1959), to demonstrate that a compound has an energy-storage function, it has to verify the following
three criteria:

eThe compound accumulates whenever there is an excess of energy from exogenous sources over that
needed by the cells for growth and growth related processes.

oWhen energy from exogenous sources is scarce for growth (division) and growth related processes
(maintenance of viability), the same compound is utilised by the cell to provide the carbon or energy
required for the maintenance of the cell.

eThe breakdown of the substance to intermediates and energy in sub-optimal conditions, gives a
biological advantage to the cell over other cells not so well endowed. It is this last feature that
Wilkinson argues to be the most important criterion to evaluate a storage function, since organisms
may utilise essential constituents under prolonged starvation conditions.
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These criteria are important since, for example, fungi, when growing in carbohydrate-rich media also
accumulate substances that they do not synthesize when the environmental conditions are not so
privileged. The excess of sugars causes the enzymes dealing with their oxidation to become saturated
leading to the generation of incompletely oxidised products, such as organic acids. The products of
this faulty metabolism are either excreted, accumulated or shunted to secondary subsidiary enzyme
systems that slightly modify the substance for accumulation. Foster (1947) compared these products,
resulting from a carbon overflow, with storage compounds. However, as commented, a shunt product
may be excreted and not accumulated intracellularly and there is no energy requirement for its
synthesis. It is also only generated in media containing very high sugar concentrations and is often
toxic to the organism. Storage compounds on the other hand require high carbon to nitrogen ratio and
can be formed even in poor media (Brigham & Kurosawa 2011).

The utilization of the storage compound by the cell, also called mobilization or in situ degradation,
responds to one of the following requirement: cell growth in the absence of an external energy source;
maintenance of cell integrity and viability; adaptation to a different medium (by supplying the
additional energy that might be needed); or for special mechanisms of survival such as sporulation.

Examples of cellular functions for the group of storage compounds PHAS are given in Figure 2-1.

| Keep plant-microorganism symbiosis | | Endurance underenviromental stress |
Fitness of mon PHA Balanced use of available
producer bacteria energy and carbon sources
Cell survival under nutrient limitation in ‘ Cell size/mumber of individuals
water, soil. thizosphers, and phyllosphere ) as function of carbon/nitrogen availability
Controlof Sporulation,
exopolysacc haride cyst farmation
production and germination

Survival in different - -
) . Bicfilm formation
ecological niches

Figure 2-1: Cellular functions of storage products influencing bacterial fitness (Prieto et al., 2014)

The value of the storage compound might vary depending on its concentration inside the cell and the
rate of breakdown. For instance, if the concentration is low, it is unlikely that the product will allow
the net synthesis of essential proteins and nucleic acids (growth) but it will probably serve as substrate

for endogenous respiration, motility, sporulation or adaptation.
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2.1.2 Storage compounds of current interest

Single cell oil

Single cell oil (SCO) is the name given to microbial oil produced by yeast, filamentous fungi and
microalgae species as shown in Figure 2-2. The initial interest in producing SCO is linked to its use as
a potential replacement for cocoa butter, a product that was rather scarce in the 1980s. SCO
composition is similar to rare and high value oils such as y-linoleic acid (GLA), arachidonic acid
(ARA), docosahexaenoic acid (DHA) and eicosapentaenoic acid (EPA), so it can be also seen as a
source of polyunsaturated fatty acids with proven benefits to human health (Huang et al., 2013). A
more recent SCO application is as an alternative feedstock for biodiesel production that does not
compete with food crops and is climate independent (Karamerou et al., 2016).

Figure 2-2: Different species from filamentous fungi, yeast and microalgae can accumulate lipids within the cytoplasm
(DiSalvo 2010; BioEnergy Genome Center 2011). These organisms are called oleaginous when they can accumulate
more than 20% of their dry weight as oil (Meng et al., 2009).

Polyhydroxyalkanoates

Polyhydroxyalkanoates (PHAs) are a type of polyester naturally produced by different
microorganisms. Since the discovery of polyhydroxybutyrate (PHB) by Lemoigne (1926), more than
100 monomeric units (constituents of PHA) have been identified in more than 300 microorganisms
(Dias et al., 2006). PHAs are sought after as potential replacements for oil-derived plastics. Research
into their production has become a hot topic due to their biocompatibility and biodegradability
properties, which could significantly reduce accumulation of plastics in landfills. PHAs, compared to
other biodegradable plastics synthesized by bacteria, present a wide range of applications due to the

broad range of compositions (Bugnicourt et al., 2014).

Over the last decade, more plastics have been produced than during the past 100 years. The current
production of SCO and PHA is however negligible when compared to that of petroleum and plastics in
the world. By 2018, a production capacity of 6.7 million tonnes of bioplastics is expected, which
would correspond to a 2% of the total production. For an economic, and thus competitive, industrial
production of storage compounds, there is a need for fast growing microorganisms (that would reduce
fermentation times), capable of accumulating large amounts of the product (reducing extraction costs),

and able to utilize low cost feedstocks. In addition, if microorganisms are to be used as sources of
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biofuels and bioplastics, it is also essential to establish optimal nutrient-dependent conditions for the

maximum production of plastics and/or lipids during the cultivation stage.

2.2 Polyhydroxybutyrate, a typical PHA with interesting properties

In the chemical structure of PHAs, the composition of the side chain R and the value of n determine
the identity of the monomeric unit (Braunegg et al., 1998) as represented in Figure 2-3. Side chains
can be saturated or unsaturated and, although they are normally aliphatic, certain bacteria can
synthesize PHAs with aromatic functions, halogens, pseudo halogens or even alcohols (Koller ef al.,
2010). Due to its simple skeleton (z =1 and R, a methyl group) and multiple synthesis pathways,
polyhydroxybutyrate (PHB) is the most abundant of polyhydroxyalkanoates. PHB belongs to the short
chain length PHAs (scl-PHA), composed by monomers with a number of carbons between 3 and 5.
The monomers containing a longer carbon chain (C6—C14) constitute the medium chain length
category (mcl-PHA). PHAs have molecular weights in the order of 100 to 1000 kDa. Microorganism
(due to the specificity of PHA synthase), cultivation conditions (pH, nature and concentration of the
carbon source), fermentation time and extraction methods are factors that affect the molecular weight

of the polymer (Anderson & Dawes 1990).

R group Carbon no. PHA polymer
methyl C, Poly(3-hydroxybutyrate)
R o0 ethyl C, Poly(3-hydroxyvalerate)
propyl C, Poly(3-hydroxyhexanoate)
| | | butyl G Poly(3-hydroxyheptanoate)
*(»" C pentyl C, Poly(3-hydroxyoctanoate)
/ \ 5 / hexyl G, Poly(3-hydroxynonanoate)
0 :" . heptyl C, Poly(3-hydroxydecanoate)
. octyl C, Poly(3-hydroxyundecanoate)
Poly(3-hydroxyalkanoate) nonyl C, Poly(3-hydroxydodecanoate)

: : : decyl C, Poly(3-hydroxytridecanoate)
undecyl C. Poly(3-hydroxytetradecanoate)
dodecyl C, Poly(3-hydroxypentadecanoate)
tridecyl C, Poly(3-hydroxyhexadecanoate)

Figure 2-3: Polyhydroxyalkanoate chemical structure. The carbon denoted as C* is the chiral centre of the PHA
building block (Tan et al., 2014).

Biodegradability is a key property of PHB and refers to the rupture of its macromolecule into smaller
units by microbial enzymes from filamentous fungi, bacteria or algae. In nature, the products yielded
from depolymerisation reactions can be converted into carbon and energy inside the host cell and are
ultimately transformed into carbon dioxide and water (Tokiwa et al., 2009). Objects fabricated from
PHB will similarly degrade. The time for degradation depends on environmental conditions (type and
amount of microorganisms, temperature) and geometry of the object. Degradability of PHB and its
copolymer, PHBV, has been shown in aerobic (Marchessault et al., 1994; Jendrossek et al., 1996) and
anaerobic conditions (Abou-Zeid et al., 2001). Figure 2-4 shows the effect of nutrients and oxygen
availability on the degradation process. Fortunately, PHBV does not degrade in humid air, which
guarantees a long shelf life for packaging application. Microbial attack is more prone to happen in

amorphous regions of the molecule and for lower molecular weight polymers.
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Figure 2-4: Degradation process after a 2 months incubation in soils suspension under different conditions: original
PHB film (A) , anaerobic conditions without nitrate (B), microaerobic conditions without nitrate (C), microaerobic
conditions with nitrate (D) (lordanskii et al., 2014).

To be classified as biodegradable, products must be completely degraded and decomposed in
composting facilities within a specific time frame (e.g. according to the standards set by EN 13432 , a
90 % degradation is required within 180 days) without leaving any toxic residue or harmful effect
(Kalia 2017).

PHB can also degrade by hydrolysis, mechanical, thermal, oxidative or photochemical destruction. It
is the hydrolysis rupture which enables its use in medical applications. PHB is also non-toxic, does not
cause inflammatory response and their intermediate (CoA-derivative intermediates) and ultimate
products (CO, and water) can be metabolized and cleared by the body (Valappil et al., 2006), i.e. it is
biocompatible. The fact that PHB degrades thermally can limit its processability in molten state and
additives are sometimes used to prevent this (Asrar & Gruys 2011).

PHB has similar characteristics when compared to polypropylene (PP) regarding melting temperature,
degree of crystallinity, glass transition temperature or tensile strength (Hrabak 1992) as presented in
Table 2-1

Table 2-1 Properties of PP, PHB and PHB copolymers (data adapted from Lee 1996. Pereira et al., 2008; Koller et al.,
2010)

Property Polypropylene Commercial ~ Commercial Commercial
PHB P (3HB-co-HV) P (3HB-co-3HHX)
Density (g/cc) 0.91-0.94 1.17-1.25 1.25 1.20
Crystallinity (%) 60 60-70 50-60 N/A
Tensile strength (MPa) 345 18-27 25-40 10-20
Elongation (%) 400 6-17 2.5-30 10-100
Tensile modulus (GPa) 1.4 N/A 1.2-3.0 N/A
Melting temperature (°C) 171-186 N/A 147-175 N/A
Estimated price ($/m°) 1055 4320 N/A N/A
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Nevertheless, PHB is stiffer and more fragile, partly due to the spherulites formed during the cooling
of molten form. It is enantiomerically pure and steroregular (Marchessault et al., 1988); these optical
properties enable its use in isomer separation. Due to its water insolubility and low permeability to
oxygen and carbon dioxide, it is an ideal candidate for food packaging material (5 times less
permeable to CO, than PET). It is also piezoelectric (which is a rare property for a plastic) and hence
finds application in bone scaffold prosthesis (Mendenhall et al., 2007).

The low elongation to break and stiffness make natural PHB unsuitable for standing impact. To
improve flexibility, ductility or tenacity, plastifiers or blends with other, not exclusively renewable,
molecules are often used. The natural co-production of different monomers occurring in some bacteria
growing in various carbon sources is also exploited for the synthesis of tailor-made plastics. PHB-co-
HV for example has better mechanical properties than the homopolymer: the hydroxyvalerate content
increases the flexibility and resistance and decreases the melting point without varying the degradation
temperature (Shino Yamada et al., 2001). Also cheap macromolecules and organic polymers (e.g.
starch, wood) can be mixed with PHB to produce active bio-based packaging to extend its use in
agriculture applications (Schué 2000).

Currently, PHB serves in the manufacture of commaodity products such as shampoo and cosmetic
bottles or single-use articles like cups and food containers (Philip et al., 2007). The first artificial
esophagus has been generated based on polyhydroxybutyrate; treatment for cardiovascular diseases,
use as drug carrier and for nerve and tissue regeneration are only few of the examples for which PHB
emerges as perfect candidate (Chen & Wu 2005). Beyond the medical or pharmaceutical field, PHB is
expected to fight for its own place within electronic components as replacement of conventional

plastics such as low-density polyethylene.

The biodegradable and biocompatible features of this polymer make it an attractive substitute for
chemo-synthetic petroleum plastics. In addition, the utilization of renewable materials and
agricultural/food wastes for its production, has encouraged the research on the production of this
polymer. Since the late eighties, industrial biotechnology research has investigated the natural capacity
of certain microorganisms to accumulate PHA via microbial fermentation of pure cultures using wild
and genetically modified strains (bacteria). Although a large number of PHAs have been discovered,
only a few of them have been produced in large scale. The major commercial producers are listed in
Table 2-2.
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Table 2-2: Current and potential large volume manufacturers of PHAs (Chanprateep 2010)

Trade Capacity  Price (kg™ %)
Polymer names Manufacturers (tons) (in 2010)
PHB Biogreen® Mitsubishi Gas Chemical 10 €2.5-3.0
Company Inc. (Japan)

PHB Mirel™ Telles (US) 50 €1.50
PHB Biocycle® PHB Industrial Company (Brazil) 50 n/a
PHBYV and PHB Biomer® Biomer Inc. (Germany) 50 €3.0-5.0
PHBV,
PHBYV + Ecoflex Enmat® Tianan Biologic, Ningbo (China) 10 €3.26
blend

20,000-
PHBH Nodax™ P&G (US) 50,000 €2.50
PHBH Nodax™ Lianyi Biotech (China) 2000 €3.70
PHBH Kaneka PHBH  Kaneka Corporation (Japan) 1000 n/a
P (3HB-co-4HB) Green Bio Tianjin Gree Bio-Science Co/DSM 10 n/a
Polyhydroxyalkanoate . . 272,000
from P&G Meredian Meredian (US) (2013) n/a

2.3 Integrating PHB production with biodiesel industry

The international fuel market has traditionally experienced great fluctuation since 2008, when the
price of Brent crude reached a record peak of US$147 per barrel. Since then, prices have fallen
dramatically such that it is hard to predict what can happen in the future. For example, on the 27"
September 2016, the price was exactly $100 less per barrel (Oil-price.net 2016). Biofuels development
is strongly supported by subsidies offered by the governments in conjunction with tax reduction. But
for biorefineries to provide viable alternatives to petroleum oil, they need to be competitive from a
financial point of view even when non-renewable feedstock are as cheap as they currently are

(Erickson & Winters 2012).

In the biodiesel industry, one of the main production costs is that of raw materials, which could be
minimized by using inexpensive and high yield crops, algae cultures, cooking oils, animal fats or
municipal wastes. But for a real enhancement of the biodiesel production, by-products need to be

valorized to its maximum potential. An example of this strategy is illustrated in Figure 2-5.
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Figure 2-5: Process integration within a biodiesel plant. Crude glycerol co-generated along with the biodiesel can be
used as bacterial fermentation feedstock for the production of chemicals.

Glycerol is produced in a transesterfication reaction that converts triglycerides to methyl esters as the
main reaction in biodiesel production and accounts for a 10 % wt of the original oil (Meher et al.,
2006). Glycerol finds application in a wide range of industries. It can serve in drug and cosmetics
manufacturing, food preservation, or paper and textiles conditioning for example. However, the
glycerol obtained during the biodiesel production is contaminated with methanol, soaps, salts, heavy
metals and residual fatty acids (Pagliaro & Rossi 2010). The composition of crude glycerol can be
found in Table 2-3. Those impurities make this crude glycerol unsuitable for the applications
mentioned. In order to improve the profitability of the biodiesel production and deal with the large
amount of glycerol generated, researchers have explored different options for converting this waste

into a valuable product.

Table 2-3: Composition of crude glycerol adapted from (Luo et al. 2013)

Compound Content (wt.%)
Free glycerol 229+0.2
Methanol 10.9+0.2
Water 18.2+0.1

Soap 26.2+0.2
FAMEs 21.3+£0.2
FFAs 1001
Monoglycerides 0.7+0.1
Diglycerides 05+0.1
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The surplus of glycerol in the market has made the prize as low as $0.1 per kilogram (Quispe et al.,
2013) so purification process is no longer a viable option especially for small and medium biodiesel
producers. Other attempts at utilizing the glycerol include composting, combustion or feeding to
animals. Combustion requires extremely high temperatures and if incomplete, produces acrolein fumes
(Steinmetz et al., 2013). Composting or using glycerol in animal feeding is a simpler option, but it
does not add much value nor solves the problem of the growing excess of glycerol.

Glycerol based biorefineries appear as the most promising alternative. Such biorefineries would
provide for the sustainable and integrated production of biofuels, promoting the utilization of readily
available by-product glycerine (glycerol) for the generation of energy and/or chemicals. In this way,
glycerol could serve as feedstock for biopolymer production through biological fermentation
(Cavalheiro et al., 2009).

Pilot scale glycerol fermentation in a 42 | reactor achieved high PHB productivities and yields of
approximately 1 g/(I'h) and 0.25 g/g when using Zobellella denitrificans in fed-batch mode; self-
flotation of cell debris after extraction with chloroform served as purification method (Ibrahim &
Steinbiichel 2009). Productivity and molecular weight are lower than the ones obtained with glucose.
The binding of the hydroxybutyrate polymer to the secondary hydroxyl groups of glycerol is believed
to explain the reduction in length of the chain. Apart from this, there is no significant difference in
other properties between the glycerol-based PHB and the glucose counterpart (Tanadchangsaeng & Yu
2012). Techno-economic studies demonstrated that glycerol-based PHB could be produced at

industrial scale with a selling price of 2.6 US$/kg (Naranjo et al., 2013).

Different strains have been tested for PHB production from glycerol and Cupriavidus necator, which
can accumulate 80% of its mass as PHB, is one them (Mothes et al, 2007; Posada et al., 2011;
Cavalheiro et al., 2009). This microorganism, the first to be used in the manufacture of a commercial
product by Biopol (Shively 2006), has been known by different names as research developed
(Vandamme & Coenye 2004). Although C. necator was the first name to be published to refer to a
copper resistant bacteria isolated from oil by Makkar & Casida (1987), they did not conduct 16s RNA
studies in order to examine its phylogenetic positions, a current standard procedure in prokaryoric
taxonomy. There has however been proliferation of other different names (Wautersia eturopha,
Ralstonia eutropha, Alcaligenes eutrophus) to refer to the same strain. According to the rules of the
International Code of Nomenclature of Bacteria, “each taxon above a species can bear only a name
that is the earliest in accordance with the rules of the code” (Lapage et al., 1992), i.e. it should be C.

necator.
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Since the beginning of the studies on glycerol performed by the Satake Centre for Grain Process
Engineering, the perspectives on biofuels have changed. It is impossible to predict how the alternative
fuel market will continue, but it is still important to conduct research in the by-products of this type of

industry so that the maximum potential of biorefineries can be met.

2.4 Microbiology, metabolism & enzymatic regulation of C. necator

PHB appears as granules of different sizes (0.2 to 0.5 um diameter) in the cellular cytoplasm of the
producer organism. These granules, illustrated in Figure 2-6, are coated by a protein layer and can
merge to form bigger inclusions (Shively 1974). They can be found in Gram negative and Gram
positive bacteria. The first group is the most common and includes species such as Cupriavidus
necator, Alcaligenes latus, Pseudomonas putida, P. olevarans, Aztobacter vinealandii or recombinant
E. coli (operon C. necator). Within the gram positive group, the genus Bacillus, with species such as
B. megaterium or B. cereus, is gaining popularity. The genus Streptomyces has also been evaluated as a

potential producer of PHB.

> PHB polymer

O PHB depolymerase (e.g. PhaZa1)

PHB synthase (PhaC1)

PhaM

PhaR

PGAPs of unknown function

PhaP1

0
e
0

other PhaPs

Figure 2-6: Schematic representation of a PHB granule consisting of a polymer core and a surface layer of structural
and functional proteins (Bresan et al., 2016)

The thick wall of Gram positive bacteria is thought to complicate the extraction process, thus the
limited number of studies. On the other hand, PHB produced by Gram negative organisms might
contain endotoxins found in the outer membrane lipopolysaccharide, which put at risk the
biocompatibility of the polymer. Bacteria from the genus Bacillus have demonstrated promising
performance. However, the conditions for triggering PHB are the same as those for sporulation, which

could lead to complications and lower yields (Wu et al., 2001).

There are aerobic and anaerobic bacteria as well as chemoautotrophs (inorganic oxidation as single

source of carbon) and chemoheterotrophs that can utilize diverse carbon sources (Solaiman ef al.,
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2006). The original strain from the species C. necator cannot utilize glucose, whereas the strain used
throughout this thesis has achieved that ability due to natural mutation (Grousseau ef al., 2013). This
big diversity can be explained by the fact that PHB is started from acetyl-CoA and the activated acetic
acid is a central intermediate in all living organisms. A general classification of PHB producer is often
made according to the conditions required for the synthesis of the polymer (Chee et al., 2010):

e Biosynthesis coupled to cellular growth: the polymer accumulation takes place during growth under
normal conditions as in the case of the genera Rhodococcus, Nocardia, Rhizobium, Corynebacterium
(Anderson & Dawes 1990).

e Biosynthesis decoupled from cellular growth: the polymer accumulation is favored by the availability
of the carbon source whenever there is growth limitation due to the lack of nutrients, such as N, P, O,
or microelement including S, K*, Fe’", Mg*". This is the case of C. necator and certain Pseudomonas.

In the case of C. necator, PHB synthesis starts when two molecules of acetyl- CoA condense with a
thiolase encoded by phaA to form acetoacetyl-CoA, which is subsequently reduced by the action of a
reductase encoded by phaB (NADPH) to 3-hydroxybutyl-CoA (Khanna & Ashok K. Srivastava 2005)
as represented in Figure 2-7. The elongation of the chain (polymerization) is achieved with a synthase

encoded by phaC.

Acetyl-CoA+Acetyl-CoA

Cofg 4 [ketothiolase

Acetoacety]-Cod Synithase

Acctoacelyl-CoA
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/ P[.:l-"ti_ln WNALD _,_,-"/ |||_¢|'||:-|I|:|'“¥¢|'|_‘-|m
PHA Symihase
w
P{3HB),., p Di-}-3-hydroxybutyrate

PHA Depolymerse

Figure 2-7: Metabolic pathway involved in the synthesis and breakdown of PHB in C. necator (R. eutropha) (Lee
1996).

PHB is not an essential cellular component and it is not synthesized under every circumstance. Despite
not being a taxon-related characteristic nor a particular ecophysiological feature, its ubiquitously
occurrence and the fact that a number of environmental stimuli triggers its formation suggest that PHB
has a major physiological role. It was noted early on its development that the rate of production
increased with the ratio of carbon to nitrogen (glucose to ammonia) (Macrae & Wilkinson 1958), but

the accumulation could also be enhanced by the nutritional limitation of phosphorous or oxygen.
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PHB formation is often treated as a switch response to suboptimal conditions for growth and
multiplication characterized by imbalanced supply of nutrients (Stal 1992). This response of
microorganisms to overcoming internal bottlenecks (when external limitations are imposed) is known
as “overflow metabolism”. A lack of nitrogen, phosphorous, oxygen, sulfate or even K', Mg*", Fe**
can all lead to a similar response and this implies underlying common mechanisms. As a rule,
concentration of acetyl-CoA must be high to lead to the synthesis of acetoacetyl-CoA and reducing
equivalents must be available to withdraw the acetoacetyl-CoA generated (Babel et al., 2001). The

most common trigger mechanisms for PHA production are described next:

eNitrogen limitation: Nitrogen is involved in the synthesis of proteins, nucleotides and coenzymes.
When there is a lack of N, NADPH cannot be consumed for reductive synthesis, such as amino acids
production so it remains available and starts inhibiting the citrate synthase. Being the TCA cycle
inhibited, acetyl-CoA becomes available to flow into the PHB pathway. In other words potential
applications of acetyl-CoA and NAD (P)H are restricted.

e Phosphorous limitation: Phosphorous is essential for the conversion of the energy provided by the
substrate in the form of ATP. In the absence of P, ADP cannot be phosphorylated to form ATP. It is
believed that the reducing power that does no flow away and acetyl-CoA that becomes available can
be assimilated for PHB as in the case of nitrogen limitation. A decrease in the ATP synthase activity
and a repression in the Krebs cycle can be observed during P limitation (Marzan & Shimizu 2011).

oOxygen limitation: O, acts as acceptor of electrons in the respiratory chain. Whenever there is lack
oxygen, reduced cofactors cannot be oxidized via respiratory chain. The effect of the reducing power
(metabolic control) and the lack of oxygen itself put a stop in the TCA (which would become
endergonic in anaerobic conditions) and the same consequences follow as in the N and P limitation
cases.

If all (macro and micro) nutrients are present, in amounts which do not constitute a deficit, cells will
grow and multiply and have no other major metabolic product than CO,, water and heat. In this perfect
situation, which could happen for only a short time, if at all, intermediates are formed in simple
catalytic amount so that cells will possess a determined composition. Microorganisms cope with
shortcomings and environmental fluctuations of diverse extension and intensity and have developed
different strategies to deal with these, one for them is overflow metabolism. PHB is produced when
more reducing power than can be consumed is generated due to limitation of other factors. In the
words of Babel et al., (2001), “... it is an investment for the future as it can be mobilized in conditions

of starvation...”.

PHB can be mobilized by the cells under stressful conditions as mentioned earlier in the chapter. PHB
depolymerase (PhaZ) hydrolyzes the polymer to yield 3-hydroxybutyric acid. This can be then
metabolized to obtain carbon or energy or excreted. For metabolizing 3-hydroxybutyrate, it needs to
be converted into acetoacetate or activated to CoA derivatives by various enzymes like acyl-CoA
synthetase or thioesterase. Acetoacetate can be broken into two molecules of acetyl-CoA by the action
of B-ketothiolase and these molecules enter the tricarboxylic acid (TCA) or glycoxylate cycles. (R)-3-
hydroxybutyl-CoA can immediately be epimerized to the (S)-isomer and catabolized with the
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consequent energy release through the B-oxidation pathway (Wang ef al., 2009).

2.5 Factors affecting PHB production

2.5.1 Culture medium

Within the culture medium, the factor that has been most extensively studied is the carbon source.
This is not only because of its direct influence in PHB production but also due to its contribution to
total operating costs, which can reach the 40% (Choi & Lee 1997). Thereby, numerous cheap carbon
sources have been tested including solid and liquid residues from cereal processing such as wheat and
rice bran (Van-Thuoc et al., 2008; Ramadas et al., 2009; Huang et al., 2006), by-products from dairy
industry such as molasses (Solaiman et al, 2006; Gouda et al., 2001; Santimano et al., 2009;
Albuquerque et al., 2007), other vegetable residues (Haas ef al., 2008) and waste oils (Verlinden et al.,
2011). Autotrophic culture for PHB production from carbon dioxide (Ishizaki & Tanaka 1991) is
another alternative for exploiting inexpensive raw materials that could act as an interesting CO,

capture technology.

Opposed to one factor at a time strategy, attempts to optimize the culture medium in a less time
consuming manner have been done using statistical based experimental design, e.g. response surface
methodology (Ramadas et al., 2010; Mokhtari-Hosseini et al., 2009; Khanna & Ashok K Srivastava
2005b; Nikel et al., 2010; Grothe ef al., 1999). Although the optimal recipe for the culture medium is
strain dependent, some of the most sensible parameters were found to be the carbon and nitrogen

source, phosphates and some trace elements.

Identification, isolation and genetic engineering of strains that can grow and produce PHB at relatively
high yields from these or other inexpensive substrates is also subject of several investigations (Li et
al., 2007). Low-cost nitrogen sources such as urea and corn steep liquor have also been utilized in an
attempt of replacing expensive and undefined yeast extract (Kulpreecha e al, 2009; Gouda et al.,
2001). But it is actually the relation between the amount of carbon and nitrogen (limiting nutrient to
trigger PHB) what has attracted more discussion. It seems clear that conditions in which carbon is
supplied in excess of nitrogen are required for PHB synthesis since cells grown in nitrogen-free

conditions favour growth and maintenance functions over PHB accumulation.

According to Khanna & Srivastava (2008), “N/C was indicated to be a more comprehensive term
reflecting the true impact on growth and product formation”. PHB is stimulated at high ratios in favor
of growth, as cells are deprived of essential nutrients to grow, but at very high ratios though, growth
can be inhibited. Nonetheless, there is not agreement on an optimal value for this term and authors

claim different ratios for each particular case.
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2.5.2 The importance of Carbon to Nitrogen ratio (C/N)

According to Spoljari¢ et al., (2013) it is “...critical to assess optimum C/N ratio for best production
of non-growth conditions”. There are many studies in the literature that aim to determine the ‘optimal’
value (based on different criteria) for PHB fermentations using different microorganisms and
substrates. The reported optimal value could be the ratio that leads to the highest concentration,
highest production, highest yield or, rarely, highest productivity. Table 2-4 illustrates the variety of

ratios reported in the literature as optimum values for PHB production.

Table 2-4: Values of C/N reported in simple batch studies focusing particularly on this aspect of medium optimization.

) Carbon ) C/N
Organism Nitrogen source Reference
source (molar)

Bacillus subtilis ATCC 6633  D-mannitol L-glycine 2.5 (Tamdogan & Sidal 2011)
Rhodobacter sphaeroides Ammonium (Sangkharak & Prasertsan
Acetate 6

N20 sulphate 2008)
. ) Ammonium .
Bacillus megaterium Sucrose 8 (Faccin et al., 2009)
sulphate
Cupriavidus taiwanensis Gluconic acid NH4CI 8 (Wei et al., 2011)
Protornonas extorquens Methanol Ammonia 10 (Suzuki et al., 1986)
Bacillus Megaterium Various Various 16 (Sharma & Dhingra 2015)
) Sucrose Ammonium
Pseudomonas stutzeri ) 20 (Belal 2013)
medium sulphate
o . Ammonium
Bacterium isolated from soil ~ Glucose 20 (Lathwal et al., 2015)
sulphate
Paracoccus (Kalaiyezhini &
o Glycerol Yeast extract 21.4
denitrificans DSMZ 413 Ramachandran 2015)
Alcaligenes latus ATCC Ammonium
Sucrose 28.3 (Grothe et al., 1999)
29713 sulphate
Cupriavidus sp. o Ammonium )
Oleic acid 30 (Aziz et al., 2012)
USMAA2-4 sulphate
) Condensed )
Ralstonia eutropha Ammonia 50 (Chakraborty et al., 2009)
corn solubles
Ammonium (Quagliano & Miyazaki
Azotobacter chroococcum 6B Glucose 137.7
sulphate 1997)

As can be seen in the table, the range is wide and it appears that there is no pattern to what might be

the optimum C/N ratio in any particular system. However, on closer inspection, some general

observations can still be made when mapping the results.
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Considering the type of microorganism, those that exhibit growth associated production kinetics are
more likely to have low optimum values, as for the case of Bacillus subtilis. On the other hand, if
production is non-growth associated, an excess of carbon would probably be beneficial and hence,
optimum C/N would be higher (Ralstonia eutropha). There are also effects based on the substrate. For
fermentations performed with inhibitory nitrogen sources, C/N cannot be very low. In the same way, if
the carbon source is inhibitory, such as methanol, the ratio will not take very high values. Also, if the
criterion chosen for defining the optimum is growth, the ratio tends to be low compared to when PHB

accumulation is the objective.

What seems applicable in all cases is that when using relative low ratios, carbon is directed to growth
and anabolic reactions so that less is prone to be utilized for PHB formation. The flow of carbon into

the PHB synthesis is stimulated for relative high ratios.

Duchars and Attwood (1989) studied the influence of the C/N ratio in a chemostat. They found that at
low C/N ratios, no PHB was produced and growth (indicated by cellular protein concentration) stayed
approximately constant for a certain range. For ratios higher than this, PHB production started and
was gradually increased as the ratio increased. At the same time, the concentration of cellular
components started decreasing until it became barely stable, matching the time at which PHB also

reached a plateau, as schematized in

Figure 2-8.
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Figure 2-8: Relationship between C/N and PHB (squares) and cellular protein (circles) concentration according to
Duchars & Attwood (1989).

Wang & Yu (2001) stated that low C/N, i.e. nitrogen rich media, led to increased reproduction and
acetate (carbon source) utilization but decreased PHB formation. At very high acetate concentrations,
an inhibitory effect on growth, PHB production and acetate consumption was noted. Most of the
studies focused on growth and production but there are also indications that C/N might affect the

product quality.
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2.5.3 Physical operational variables

Besides the type and concentration of substrates, environmental conditions can also make a difference
in the success of PHB fermentation. Again, these conditions are particular to the strain used, however,
there are not so many studies as for the case of medium components. Krishna and Van Loosdrecht
(1999) reported that kinetics of the process were strongly influence by temperature. In general terms, it
can be said that the optimum condition for PHB fermentation ranges from 30 to 37°C. This could be
related to activity of the enzyme synthase which is induced above 30°C and decreases above 40°C
(Tripathi et al., 2013). Accordingly, Grothe et al., (1999) found that the optimal temperature for batch
culture of Alcaligenes latus is 33°C. The PHB production process is normally carried out at pH values
between 6 and 7.5. Studies with different set values and no control for pH demonstrated that a value of
7 was better that either 6, 8 or no control for growth and PHB production (Kulpreecha et al., 2009). A
pH of 6.9 was found optimum for growth and PHB production by Alcaligenes eutrophus (Palleroni &
Palleroni 1978).

Agitation, essential to achieve an homogeneous culture and avoid diffusion phenomena being the rate
limiting step of the biological process, has a great influence in the availability of a low soluble gas
such as O, in the medium. Dissolved oxygen is critical for growth of many aerobic bacteria and is
often maintained at high values during growth phase; in special cases, enriched air or pure oxygen can
be necessary. Decreasing the agitation speed can serve to induce PHB synthesis (by decreasing the
dissolved oxygen and thus, imposing oxygen limitation) at a more advanced stage of the fermentation,
once good cell growth has been achieved, but a severe shortage of oxygen can have the contrary effect
and delay PHB biosynthesis (Patnaik 2008). When maintaining a constant value for aeration,
Quagliano & Miyazaki (1997) showed that an aeration of 2.5 vvm led to the highest biomass
concentration when compared to lower rates, but 0.5 vvm resulted in maximum PHB content. Very
high agitation speeds can lead to excessive shear stress on cells, which can in turn affect the viability

of the culture.

The importance of aeration

It is known that oxygen can act as the limiting substrate to enhance PHB production. What is less
often reviewed is the role that oxygen has as a secondary limiting nutrient, i.e. when another nutrient is
already limiting, e.g. N. Combined effects of nitrogen and oxygen have not been reported but, during
the accumulation stage, as growth slows down or even stops, dissolved oxygen is often set to a lower
value. The critical value for PHB formation seems to be significantly lower than that required for full
growth (Mozumder et al., 2016). It might even be that there are synergistic effects between the two
limitations such that overall productivity is higher than if just one limitation is imposed. The limitation

effects are illustrated schematically in Figure 2-9.
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Figure 2-9: Control of growth and PHB production could be achieved by manipulating nitrogen and oxygen
concentrations. The direction of the arrows indicates increasing concentration.

2.5.4 Mode of operation

Typically, PHB production is carried out in discontinuous operation with an approximate duration
between 38 and 72 hours. In this way it is easy to stablish the nutrient limiting conditions required for

synthesizing the polymer. Two stages are distinguished within a discontinuous process:

eGrowth phase to achieve the desired cellular density and finish off the nutrient that triggers the
production

e Production phase triggered by the limitation at which cellular growth is stopped.

Batch processes are limited by the initial amount of substrates and they are discouraged for substrates
that can inhibit growth at high concentrations. Fed-batch allows a better control of the two cultivation
stages and the use of potential toxic substrates such as volatile fatty acids (acetic, lactic, propionic,

butyrique) which can be gradually added.

Feeding strategies

Besides the feeding of the carbon source, essential at the production stage, some studies have reported
the importance of maintaining a “sustained growth” over the accumulation phase by feeding some
nitrogen together with the carbon. The C/N ratio in the feeding has been investigated by Suzuki et al.,
(1986). The way in which the feeding should be carried out (for a more efficient PHB fermentation)
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has been evaluated by Hafuka er al., (2011) where a pulse, a stepwise and continuous feeding were
compared in terms of PHB production. A common fermentation practice is to use a solution of NH,OH
to control the pH and provide additional N in the first hours of fermentation. When the nitrogen
limiting conditions are to be imposed, that solution is replaced for NaOH (base function only) and the

feeding of carbon/carbon and nitrogen in a determinate ratio starts.

Enhanced PHB production by dense biomass cultures conducted in fed-batch mode is widely
practiced. In such systems, the preliminary batch time is critical not only for defining (in most cases)
the cell mass concentration yielded but also the productivity of the overall process. As the product of
interest is accumulated intracellularly, it becomes crucial to evaluate not only PHB content but also the
total production regarding the amount of biomass present. The trade-off between growth and product

formation should then be optimized so that the yield of PHB based on carbon is maximum.

Feeding responds to a need to supply additional carbon (that cannot be supplied at the beginning as it
can hamper growth or be utilized in anabolic processes). The addition of nitrogen or some other minor
nutrients together with the carbon has also been employed by some authors. It is then important to
define the feeding composition and the profile at which they will be fed to assure there are no

bottlenecks in the polymer metabolic pathways.

The shortcomings of the fed-batch fermentation (non-productive time for reactor revamping, irregular
product quality, insufficient productivity) can be theoretically improved by continuous fermentation
(Koller & Braunegg 2015). However, the fundamental differences between the possibilities of running
continuous fermentation for the production of extracellular products and doing it for PHB, or any other
intracellular product from the carbon storage group, need to be highlighted. A significant number of
cells have to be firstly achieved so that, later on, these cells can accumulate the biopolymer. This
means that PHB production cannot happen in steady state. Continuous fermentation for PHB
production and for bacteria such as C. necator (production is non-growth associated) have to be
conducted in multistage fermentation at reactors operated at different dilution rate or under different
conditions at each stage have been tested (Atli¢ ef al., 2011; Koyama & Doi 1995; Yu et al., 2005). An
airlift reactor with in situ cell retention has been design for growth associate production of PHB
(Gahlawat et al., 2012). To date, continuous fermentation has been more employed as tool for studying

kinetics or as enrichment step of PHA producers in mixed cultures.

2.6 Kinetic models: can they be tools for PHA optimization?

2.6.1 Description of formal kinetics for PHB production

Bioprocess modelling can be attempted from very different approaches, which take different names
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depending on the authors. Formal kinetics refers here to unstructured or low-structured models, also
called mechanistic models, embedded in the macroscopic modelling strategy defined in Chapter 1. To
represent the dynamics of a fermentation, they usually consist of ordinary differential equations that
express the evolution/profiles (rates) of the variables of interest against time. The interaction between
variables is formulated by different functions (kinetic expressions) including several parameters that
need to be identified. As illustration, the formulation of a model with three state variables (biomass,

product and substrate) is presented below:

_dc,

e =—F—— fl(cx: Cp,cs) Eq. 2-1
dt
dc
p
rp = W = f2 (Cx; Cp; Cs) Eq. 2-2
dC,
-1, = It = f3(Cx' cp,cs) Eq. 2-3

For practical engineering purposes, unstructured kinetic models are useful process optimization tools.
However, the first mathematical models of this type were not conceived for optimization
(Mulchandani ef al., 1988; Sonnleitner et al., 1979). There was not yet distinction between the storage
polymeric material (inert fraction of biomass) and the biological active part consisting of the
membrane, cytosolic proteins, glycolipids, phospholipids, glycoproteins and nucleic acids, i.e.
anything that is not PHB (residual biomass). Fermentations, to establish the relationships between
substrates and products, were conducted with excess of all substrates except for the carbon source.
Growth rate was described following the Monod equation based on carbon. Equations for substrate
consumption and product formation were constructed upon stoichiometric coefficients or yields. The
first breakthrough was the development of the still used “two-main compartments” strategy by Heinzle

& Lafferty (1980) in which PHB and residual biomass were considered two separate variables.

Growth Kkinetics

In fermentations planned to produce significant amounts of PHB, the carbon source is rarely the
limiting nutrient. Thereby, growth rate has been widely expressed in terms of the nitrogen source and
phosphorous (Shang et al., 2007). To account for the effect of more than one substrate, double
substrate kinetics were also employed and were later extended to multi-substrate Monod kinetics for

the cases of complex media:

Mi = 1(Sy) - 1(Sy) - u(Ss) Eq. 2-4

m

The observation that growth stops when biomass reaches a certain concentration, independently of

the concentration of the substrate considered to be limited, was reported by several authors and the use
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of a logistic type equation has become a common practice to describe biomass self-inhibition (Luong
1987).

With the increasing range of substrates came the incorporation of inhibitory terms to growth kinetics.
Some of them, developed for different biological systems (e.g. hemoglobin, alcohol fermentation)
were adapted to express the effect of different nutrients in cell proliferation. Also product inhibition
has been considered as in the Luong equation (1988). However, other factors such as catabolic

repression, also known to affect growth, have hardly been translated to mathematical expressions.

Product Kinetics

The Luedeking-Piret equation (1959) is the most extensively applied model to describe product
formation and has also been used for PHB production. It is however questionable whether it is suitable
for microorganisms where production is not simply linked to either primary or secondary metabolism.
For the case of C. necator, non-growth associated with and without growth associated production have
all been reported and different authors have contradictory views concerning appropriate models. (Atli¢
et al., (2011) considered PHB formation to be a non-growth associated synthesis, whereas (Mozumder

et al., (2014) assumed both growth and non-growth associated kinetics.

Modifications of the Leudeking-Piret model have been made by including an inhibitory term to
represent the effect that nitrogen or phosphorous has on repressing PHB formation. Product inhibition
is also reported by some authors to account for the effect that PHA granules have on biomass growth

due to the large volumes they can occupy of the intracellular space (Mulchandani et al., 1989).

Although the influence of dissolved oxygen on growth and PHB production was already noticed by
Sonnleitner ef al., (1979), this variable is very rarely included in kinetic models. Despite the apparent
difficult, Tohyama et al., (2002) managed to include the effect of oxygen in their mixed culture model.
Another model adaptation was the incorporation of a maintenance term in the description of substrate
consumption. The Guthke equation presents this energy of maintenance in the form of a saturation

relationship, similar to the Monod equation itself (Novak 2015).

The fact that research in PHB is so dispersed throughout many subjects might explain that some
models do not go beyond a descriptive purpose, for which the ultimate goal is obtaining a good fitting
to the experimental data. For doing this, constant kinetics are frequently tuned until a minimum error
between theoretical and experimental results is achieved. The applicability of the model to conditions
different to those used to obtain the parameters may be thus compromised. Some studies conducted on
batch kinetics served to determine the parameter constants. However those models are often not

extrapolated to fed-batch fermentation, which is the regular operation regime.

After testing different equations against a set of experimental data, Dhanasekar et al., (2003) found
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that logistic, “logistic incorporated Leudeking—Piret” (LLP), and “logistic incorporated modified
Leudeking—Piret” (LMLP) models were the ones that better described growth, product formation and
glucose consumption by the mutant strain Actinobacillus vinelandii. LMLP is the name given by the
authors to express substrate consumption for growth product formation, which kinetics were

described by the mentioned expressions, and for maintenance.

In a similar manner to Dhanasekar et al., (2003), Mozumder et al., (2014) studied PHB production by
C. necator DM 545 under N limitation, when oxygen was supplied in large excess. Production was
considered to be growth and non-growth associated, although the first term was inhibited by N. The
product itself also inhibited the process and they included three parameters to represent it. Three
different models, based on previous works by different research groups, were used for parameter
estimation in fed batch cultivation. The simplest model considered only growth on substrate (glucose).
Biomass growth on PHB, based on the findings of Luong et al., (1988), was also considered in a
second model. An extension of this included a self-limited population term and was applied for
biomass growth on the carbon source and on PHB through the logistic equation (Mulchandani et al.,
1989). The most comprehensive model gave the smallest difference between simulations and empirical
data for a set of experiments and was then used for simulating a PHB fermentation on glycerol after a

new stage of calibration (recalculation of the kinetic constants).

It was stated in their report that “during the two-phase fermentation processes, cell growth and PHB
production need to be balanced to obtain a higher productivity, avoiding incomplete production
because of late shifting to stress conditions, at a high biomass concentration or because of premature
shifting at a too low biomass concentration”. However, there was no discussion about the times at
which feedings should start or any evaluation of the compromise between biomass and production to

achieve high productivities.
2.6.2 Application of formal kinetics for optimization of PHB production

A different and maybe a more interesting approach was taken by Raje & Srivastava (1998). They
firstly studied the kinetics of Alcaligenes eutrophus in batch culture in order to develop a model that
could then be used to simulate suitable nutrient feeding profiles in semi-continuous operation. A novel
expression was proposed for growth rate composed of two additive terms, Monod and Sigmoidal
growth kinetics, which were multiplied by an inhibitory factor to account for high ratios of N/C
(ammonium chloride/fructose). PHB production was computed as growth and non-growth associated.
For the non-growth associated production, PHB inhibition was accounted for by a subtractive term,
and nitrogen inhibition in the usual form. A minimum amount of catalytic biomass was considered

necessary for PHB production to initiate.

The model was then updated for fed-batch operation by the addition of the various flow terms. Feeding
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of nitrogen was applied to strengthen growth associated PHB production whereas carbon
concentration was maintained above a certain value by the feeding of fructose. Regimes in which
nitrogen was supplied at a constant rate, maintained at a particular value and a feeding profile time
dependent necessary to maximize PHB production were tested. This work shows a greater
applicability of kinetic models. However, aspects such as when to start feeding were chosen arbitrarily

and not yet theoretically evaluated.

The two feeding streams present in fed-batch operation were nitrogen feed (£;) and fructose feed (F5).
Following the recommendations of Mulchandani et al., (1988), the fructose concentration was not
allowed to fall below 10 g/l and F; was optimized for maximum PHB production through three

different strategies. The optimization function was defined as:

P-V

Finax = Eq. 2-5

Trinisn

where P is the total amount of PHB and T;p;sp, total time of fermentation. Three different feeding
strategies were evaluated :

eConstant feeding strategy: F; and the concentration of nitrogen in the feeding were changed in
discrete step sizes until the maximum value of the function was reached. This occured at 6 ml/h and
300 g/l respectively.

eConstant nitrogen concentration: different concentrations of nitrogen inside the bioreactor were
tested and F; was calculated to satisfy that for a fixed concentration in the feeding. Although, F
seemed to take higher values for high nitrogen concentrations, this strategy was not implemented as
they felt it would increase the reactor volume too much.

eGeneralized flow profile: flow rate was variable with time and the parameter A, B and C were
calculated for maximum F .

Ff=A+4+B-t+C-t? Eq. 2-6

This was the strategy with better results (F,,.,= 1.3), for both simulations and experiments conducted
in a 2 1 reactor. As in the first case, the optimum nitrogen concentration in the feeding was found to be
300 g/1, and in this case, the optimum feeding time at which the feed started was mathematically
defined and equal to 19 h. Fed batch fermentations improved significantly the productivity compared

to the batch system (F.,= 0.1976).

In later work (Patwardhan & Srivastava 2004), the same model was employed (although new values
for kinetic constants were calculated) with the intention of testing those conditions that the simulations
showed to be promising. Again two different feeding strategies were tested:

eConstant nitrogen strategy. Contrary to what was found in the previous paper, the concentration in
the medium was aimed to be as low as possible and this was difficult to implement due to the variable
flow with time.
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oA constant feeding of N and fructose was a simpler strategy but with lower productivity than the
previous, although still better that batch.

Khanna & Srivastava (2008) developed a new model with an increased number of parameters. For
instance, the new equation for the growth rate had 9 kinetic constants. Production was described by a
Leudeking-Piret term. Kinetic values were fitted to the experimental work presented in the publication
but also to experiments conducted by Raje & Srivastava (1998) and Mulchandani et al., (1988)
(different values). Beyond improving the mathematical descriptions, as the publication claims, there is

little application to their findings as results were not tested predictively just fitted retrospectively.

Especially relevant to the research presented in the current thesis are the works of Spoljari¢ et al.,
(2013) leading with by-products stemming from biodiesel production. In the latest publication, they
present two models for fermentations conducted with two carbon sources each, glucose and glycerol in
the first case and FAME and valeric acid in the second. In this latter case, PHBV is yielded as the
main fermentation product and the authors distinguished between the two monomers, treating them as
different variables. The lag phase is captured by the definition of time intervals. They consider residual
mass is produced from glucose and during exponential phase, PHB production is growth associated
and also comes from glucose. During stationary phase, production is obviously non growth associated
and, in the model, activated by nitrogen depletion. Synthesis of PHB from glycerol is completely non
growth associated and inhibited by glucose. The energy for maintenance is assumed to come from
glucose. To enhance production from glycerol, in silico fermentations were conducted in which the
feeding of glucose, glycerol and nitrogen was evaluated. Glucose even in small amounts appeared to

block glycerol consumption in experiments and was catered for in the model.

Very recently Mozumder et al., (2016) presented a model able to describe heterotrophic-autotrophic
PHB production and reported optimal values for nitrogen and oxygen. The above review summarizes
the principal semi-structured or unstructured models for PHB production. Other, more sophisticated
models have also been published but are generally of limited use for prediction or design purposes. For
example Koller et al., (2006) developed low structured models for different microorganisms and
substrates whenever pathways were known, so that they can for example describe changes in

intracellular metabolite pools.

The more sophisticated a model is the more demanding the building and validating processes will be.
Also, the more degrees of freedom, the least absolute are the constant. In fact, one of the most difficult
tasks when building a model is to balance the level of sophistication and that of practicability. There is
a need for versatile models, which are easy to populate with consistent values for constants, readily
comparable with experimental data and yet robust enough to be used over a wide range of conditions

due to meaningful kinetics.
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2.7 Project aims and objectives

Energy storage molecules in microorganisms (lipids and polyesters) have become bio-products of
commercial interest in recent years. As detailed above, cells synthesize these intracellular products
when cultured under conditions that not necessarily favor growth. Therefore, the selection of the
operational conditions that yield high productivities is not trivial. PHB is a bioplastic that accumulates
in high amounts inside bacteria and that can be used as case study to understand the phenomena
governing the synthesis process so that better fermentation designs can be implemented. The
numerous factors affecting growth and production make the empirical optimizing of PHB fermentation

very complicated in a short timeframe.

The use of modelling and, furthermore, of computer assisted control can be powerful tools for
improving bioprocesses. Formal kinetic models are necessary in order to have a solid basis for the
design of fermentation processes, economic calculations and control, and experiments to study the
dynamics of the system are fundamental for the development of a mathematical model able to describe

the behavior of the system.

The main goal of the project was to develop a mathematical model that guides the process
development for the case of PHB production from glycerol by C. necator and that, ultimately, allowed
a model-based design of the fermentation. To achieve this goal, the objective was to progressively
derive a mass balance model, based on a set of biological reactions, able to describe the dynamics of

the fermentation process and assess the potential of improving performance metrics.

As reported in the above literature review, there is not a unique model for bacterial production of PHB.
Rather, models tend to be specific to the system of study. The model developed in the research
reported in this thesis was not be based on any particular existing model but instead built from the
knowledge and understanding gained by the researcher during preliminary experimentation and it was

conceived as an optimizing tool.

Aspects that had not previously been fully examined but which are considered to be critical for design
(e.g. cell adaptation, absolute amount of nutrient vs. ratios, competition between growth and product
formation, feeding regimes, importance of aeration) were carefully evaluated using a systematic

approach with the assistance of a predictive model that reduced the experimental burden.

With the intent to propose a preliminary mathematical description of the system, fermentations were
conducted and conditions that stimulate PHB production were identified (e.g. C/N). The first model
hypothesis were compared against experimental data and contributed to the fundamental knowledge of

the system. Decoupling growth and production was necessary to understand the main factors affecting
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each phenomenon and, thus, to be in a better position to further evaluate the compromise between cell

proliferation and product formation.

The discrepancies between empirical and simulated data were used in view to redefine the model in an
iterative process as illustrate in Figure 2-10. A wide range of condition were tested while keeping the
same values for the kinetic constants and relatively easy formulation (e.g. number of parameters) to

assess the robustness and versatility of the model.

Parameter
boundaries

determination

Kinetic Model Testing model by
formulation EEEEmmmes '> predicting data

models

Agreement with
data/knowledge?

Model-based

design

Figure 2-10: Iterative process for the development and improvement of the model. Once the model parameters have
been determined, the proposed methodology can be simplified so that experiments to test the model results are not
required every time (discontinuous line).

To fully examine the applicability of the model, different operational modes were tested, both through
simulation and experiments. Those with greater potential were further examined regarding operational
times and stream composition as part of scenario analysis exercises. Variables that can be used for
control purposes, such as aeration, were considered and relevant physical values such as oxygen

transfer rate and oxygen uptake rate calculated.
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3.1 Research programme

As highlighted in chapter 2, the methodology implemented in this project integrated experimental and
computational studies, which complemented each other in the task of describing the macroscopic
kinetics. The development of an experimental programme enabled meeting the specific objectives

mentioned in the last section of the previous chapter.

For the sake of establishing a lab-scale fermentation system (from which kinetic information could be
extracted), the first experiments were planned to test growth and PHB production by the chosen
bacterial strain, C. necator DSM 545, when cultivated in the selected carbon source, i.e. glycerol. In
this way, the conditions where the polymer of interest is produced as main fermentation product could

be identified.

With the intention of enhancing growth and PHB production on glycerol, a series of sub-cultivation
stages were planned for cells to progressively acclimatize to glycerol first, and then to explore the
feasibility of increasing initial glycerol concentrations (once cells were used to it). Therefore, the first
milestone in the programme was to establish an adaptation procedure to ensure an optimal growth of

C. necator in glycerol that could be replicated in all the experiments that would follow.

In order to build the first mathematical equations that would compose the model, a series of
fermentations were arranged for systematic study of the effects of individual variables, e.g. one
medium component was gradually increased in the range considered applicable (non-toxic effect by
substrates) while other variables were maintained constant. The factors having a major effect on the
fermentation performance would thus be identified as the key model variables. Production needed to
be confirmed as either growth or non-growth associated and conditions favoring production over

growth and vice versa needed to be established.

For testing the model predictions, a sequence of fermentations under different conditions were
anticipated. By comparing simulations and empirical data, the applicability of the model could be
evaluated in conditions that differ from those used to develop the equations. Discrepancies between
the two (predictions and experiments) could serve for refining the model whenever new insights

enabled a more realistic representation of the biological system.

With a view to improving the fermentation outcomes, the model was used to optimize fermentation
parameters (initial concentrations, fermentation time) and to predict the results in various operational
regimes. Those that improved the results achieved in simple batch fermentation were then

incorporated into the experimental plan. Other variables (agitation, oxygen supply), that had not yet
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been considered in the model description, but that were revealed to have an important role in the

bioprocess, were studied by a series of specific experiments.

By comparing results from non-aerated and aerated systems, the importance of oxygen became clear;
this created a new sub-objective: studying the role of oxygen in PHB production as a potential
parameter for control. Fermentations to conduct studies on oxygen transfer and uptake rate were thus

foreseen.

Throughout the studies conducted in this thesis, standard techniques were used for the different aspects
related to a fermentation process (cell identification, cell propagation, sterilization, inoculation,

metabolite analysis, etc.). Full details of each are presented in the following section.

3.2 Materials and methods

3.2.1 Microorganism

The microorganism used throughout this work, Cupriavidus necator DSM 545 was obtained from the
German Collection of Microorganisms and Cell Cultures (Deutsche Sammlung von Mikroorganismen
und Zellkulture Gmb) in freeze dried form. C. necator 545 is a spontaneous mutant from DSM 529

which has acquired the ability to grow on glucose.

Descriptive characteristics of C. necator

Firstly isolated from soil, this non-obligate bacterial predator was incorporated in the genus
Cupriavidus, making reference to the fact that copper stimulates its growth. The name of this bacterial
strain has changed many times since its identification. Current Cupriavidus necator was initially
named as Hydrogenomonas eutropha in 1958 by Wittenberger and Repaske . A study signed by Davis
et al. (1969) proposed the name of Alcaligenes eutrophus ten years later. In 1995, a new gender was
defined and Ralstonia eutropha became its official name (Yabuuchi et al. 1995). Based on evidence
exposed by Vaneechoutte et al. (2004), R. eutropha was transferred as Wausteria eutropha in 2004 for

a short period.

C. necator is a Gram negative bacteria of coccoid rod shape and dimensions of 0.7-0.9 x 0.9-1.3 um. It
moves by peritrichous (projected in all directions) flagella and obtains energy from oxidation of
organic and inorganic compounds (chemoheterotrophic or chemolithotrophic). According to other
identification techniques, it is classified as catalase and oxidase positive, i.e. catalase and oxidase
activity is produced (American Society for Microbiology 1964). Colonies on nutrient agar look off-
white, glistening, mucoid, smooth and have entire edge and around 2-4 mm in diameter (See Figure
3-1).

68



Programme, materials and methods

Figure 3-1: Cupriavidus necator DSM 545 after two days cultivation on solid culture medium.

Microorganism reactivation and storage

Upon receipt of the master culture from the DSM, a cell bank was developed to ensure the
experimental reproducibility and avoid any genetic drift derived from frequent sub-culturing. Cells in
freeze dried form were reactivated by culture in a nutrient rich medium (5 g/l peptone and 3 g/l beef
extract) to ensure a good proliferation. Cells from a dense culture were later harvested and stored in a
cryopreservative agent at cryogenic condition. Before the seeding lot created from the initial (master
culture) was finished, a first generation working lot was created from it and so on as illustrated in

Figure 3-2:

[ Master
L) é cell
Initial culture stock
Initial ! Future Future
working + working + working
stock stock stock

.......................

Figure 3-2: Procedure for creating working stocks for cell banking (Bionique® Testing Laboratories 2016).

For creating a working lot from a liquid culture, the following protocol was used:

1. Prepare several sterile Eppendorf tubes. Label them and place in order in a suitable rack.

2. Aseptically pipette 1 ml culture into each of the sterile tubes.

3. Place the tubes into a centrifuge with the lid tabs facing inwards. Centrifuge at 14,000 x g (i.e.
13,000 rpm in the Hermle Z160M) for 5 min.

4. Aseptically decant or aspirate the supernatant (e.g. inside a laminar flow cabinet) from each of the

tubes without disturbing the sediment.
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5. If more cells are required, repeat steps 1 to 3 (up to a maximum of 3 times) using the same
Eppendorf tube.

6. Pipette 0.5 ml of sterile medium into the Eppendorf tube containing the final pellet of cells. To
this, add 0.5 ml of sterile glycerol solution.

7. Re-suspend the cells using the pipette. It is important not to allow the liquid to come into contact
with the pipette, which has not been autoclaved (only soaked in ethanol). Alternatively the re-

suspension can be achieved using a vortex mixer.

8. Place the Eppendorfs tubes in the freezer (-80°C) in a period of 15-60 min after adding the
glycerol solution.

Staining technigues

Gram staining

Gram staining is a common technique in microbiology that allows differentiating Gram positive and
Gram negative bacteria. To conduct this test, cells were firstly stained with crystal violet dye. A drop
from a liquid culture was fixed by heating on a microscope slide. Next, iodine solution was added
(covering the sample) so that a large complex could be formed between the crystal violet and iodine.
Acetone was then used, for a short period, as decolourizer. This dehydrates the peptidoglycan layer of
cells, which shrinks and becomes tight. For Gram positive bacteria, this layer is so thick that the
complex cannot pass through and, hence, gets trapped. On the other hand, Gram negative layer is
thinner enough for the complex to trespass it and cells do not retain the colour due to the dye.
Safranin was then added to the sample. It stains red the Gram negative but does not disturb the Gram
positive cells which remain violet. As shown in Figure 3-3, C. necator cells have a red colour after the

test.

Figure 3-3: Microscope image from C. necator cells after the Gram staining test.

Sudan black

To identify PHAs granules, sudan black staining was regularly carried out. A drop of culture was

placed on a microscope slide and spread with a loop and let it dry. The slide was introduced in a sudan

70



Programme, materials and methods

solution (0.3 % wi/v sudan black in an aqueous solution of ethanol at 70%) for at least 15 min and a
maximum 45 minutes. It was then rinsed with an aqueous solution of ethanol 60% and left it to dry.
The slide was subsequently introduced in a safranine solution (0.5 g safranine in 100 ml distilled
water) for 10 seconds. Last, it was rinsed with abundant distilled water and left to dry naturally before
observation. PHB granules appear dark blue/black while the cytoplasm and membrane look pink as
can be seen in Figure 3-4. The coloration with black sudan can be also done in petri dishes where cells

have been grown.

Figure 3-4: C. necator cells stained with sudan black for the observation of PHA granules (Jari et al. 2015).

Cells, with or without staining, were observed in an optic light microscope (Olympus BH-2 BHTU)
using 1000 times magnification. In addition to the eyepiece, a digital camera was connected to the
computer and enabled the recording of images taken at different times of the fermentation. In this way,

changes in the microorganism morphology could be evaluated by comparing the camera captions.

PHB granule observation using transmission electron microscopy

Observation of PHB granules was also made using a transmission electron microscope (TEM). The
principles of operation are similar to those of a light microscope but a beam of electrons, instead of
light, is passed in this case through a very thin sample. Since the wavelength of electrons is much
smaller than that of light, a much higher resolution can be achieved. This enables revealing features of
internal structure, such as the granules of PHB. In order to prepare the sample that would be observed,
0.5 ml of a fresh high cell-density culture were mixed with an equal volume of a fixative solution
provided by the School of Life Science at The University of Manchester, were the samples were
further processed and the observation and acquisition of images were made. One of the pictures
obtained is shown as example in Figure 3-5:
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5 nm

Figure 3-5: TEM image (from this work) of a C. necator cell containing numerous PHB granules.
3.2.2 Media preparation

Liquid culture medium

The mineral medium used for cultivation is based on that developed by Kim et al. (1994), and contains
(per litre): KH,PO,, 1.5 g; Na,HPO,4-12H,0, 9g; MgS0,-7H,0, 0.2 g; CaCl,-2H,0, 0.02 g; NHFe(ll1)
citrate, 0.05 g and trace element solution, 1 ml. The trace element solution was composed (per litre)
by ZnSO4-7H,0, 2.25 g; CuSO4-5H,0, 1 g; MnSO,-5H,0, 0.5 g; (NH,)sM070,4, 0.1 g; 35% HCI, 10
ml. The concentrations of nitrogen and carbon, in the form of ammonium sulphate and glycerol
respectively, have been adapted in the different experiments performed depending on particular
objectives. CaCl, and NH,Fe(lll) citrate (0.05 g in 20 ml H,O) were autoclaved separately from the
rest of chemicals and added aseptically to the medium after sterilisation to avoid precipitation. Pure
glycerol is the carbon source employed in this work, mimicking the biodiesel co-product stream.
Considering that the main impurities of crude glycerol have previously been studied by the research
group (Salakkam 2012), using the pure form was considered still a good representation of the
industrial waste and it provided a model system to generate fundamental knowledge without

introducing too many disturbances from unknown chemical/biological interactions.

Solid culture medium

The solid media consisted on mineral medium supplemented with glycerol (30 g/l) and agar (15 g/I).

3.2.3 Cultivation techniques

Inoculum preparation

Before starting any experiment, a preculture from fresh agar plates, was prepared in order to avoid
excessive long lag phases or poor growth. Agar plates were incubated for two day at 30°C before using
for inoculating the preculture flasks, a 500 ml flask with 50 ml of working volume. This was incubated

at 30°C and in an orbital shaker with an agitation speed of 250 rpm. The preculture was then used for
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inoculating the flasks for study (10% vol.). Cotton plugs were used as closure of the flasks intending
to have some oxygen diffusion through it. Yeast extract (1 g/l) was just included in the preculture to
promote a rapid growth but was absent from the cultivation medium due to its variable composition.
For the case of bioreactor experiments, these were inoculated from cultures made on flask as

illustrated in Figure 3-6:

STOCK
CULTURE

Frozen vials

Figure 3-6: Schematics of inoculum development programme for C. necator culture in bioreactor.

Fermentation in flask

For studies conducted in flask, 500 ml Erlenmeyer flasks were used. The air-liquid ratio was
maintained constant for all the experiments conducted by maintaining a fixed working volume of 100
ml for all the cultures conducted. Flasks were inoculated using preculture broth (10% vol.) and

cultivated under the same conditions. Samples were aseptically withdrawn in a laminar cabin flow.

Fermentation in bioreactor

Bioreactor studies were conducted in a 1.8 | bench-top bioreactor containing a working volume of 1.0

I. A schematic configuration of the experimental apparatus is shown in Figure 3-7:

N

Inoculum

2. sample
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pHand T -
controller
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Peristaltic pump
Feeding vessel

Bench reactor

Figure 3-7: Schematic representation and picture from the experimental set-up for bioreactor fed-batch
fermentations.

The agitation was provided through a turbine with six flat plane blades. Baffles were used to reduce
vortexing. The air supply was achieved by a sparger at the bottom of the reactor. The gas was filtered
when entering and exiting the vessel with a 0.2 um pore size membrane filter. Temperature and pH
probes were connected to a controller unit. Heating was achieved by a jacket that surrounded the
vessel. A control valve deviated water flow into an internal coil if the temperature inside the reactor
exceeded the set point or to the condenser otherwise. A sampling point inside the reactor allowed

periodic sample collection. Temperature was maintained at 30°C and the agitation was varied between
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250 and 600 rpm for different experiments. Whenever a dissolved oxygen probe was to be used, this
was polarized overnight after sterilization and before the reactor was inoculated. The bioreactor was
inoculated with 100 ml culture grown on the flask. The inoculation time was intended to match the
exponential growth phase of cells. Agar streak plates were regularly made to check the purity of the

culture. All biological wastes were autoclaved before disposal.
3.2.4 Analytical techniques

pH measurements

The pH of the culture samples was measured using pH meter (HANNA Instruments HI 221,
UK).

Biomass guantification

Cell dry mass (CDM)

1 ml culture was centrifuged in a 1.5 ml Eppendorf tube for 5 minutes at 13,000 rpm. The supernatant
was decanted into a new tube and stored in a freezer for subsequent glycerol and total nitrogen
analysis. Following that, the pellet was re-suspended with 1 ml distilled water and the tube was
centrifuged for 5 minutes at 13,000 rpm. The supernatant from this was discarded and the pellet was
again re-suspended in distilled water and poured into a pre-weighed aluminium dish. The dish was
placed in an oven at 60°C until constant weight in order to determine biomass concentration. CDM
measurements were made in triplicate and biomass concentrations, in g/l, were obtained using Eq. 3-
1:

W, -w,;
— Eq.3-1

CDM =
where W, and Wjare the weights, in grams, of the dried aluminium dish after and before adding the

culture. V corresponds of the volume, in 1, of culture used for the measurement.

Optical density: The culture was diluted with distilled water to measure absorbance at 600 nm in a
UV-VIS Shimadzu® UV-mini 1240 spectrophotometer. The dilution factor changed throughout the
fermentation to ensure a resulting absorbance value lower than 1. Optical density was correlated with

growth and was used in the first hours of fermentation as an indicator of growth.
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Substrate quantification

HPLC Analysis of glycerol content

Glycerol consumption was determined using a High Performance Liquid Chromatograph (Dionex
Ultimate 3000, Thermo Scientific) equipped with an Aminex HPX-87H, 300 x 7.8 mm (BIO-RAD)
column and coupled with and refractive index detector (Thermo Scientific) operating at 50°C. The
mobile phase consisted of an aqueous solution of 5 mmol sulphuric acid previously sonicated in a
sonicator Decon F5100b. The temperature in the column was also set at 50°C and the flow rate was 0.6
ml/l. Samples were diluted ten times and filtered through 0.45 um prior to analysis. An example of the
chromatograms obtained is presented in Figure 3-8:

Chromatogram
7 GLR-16-02-15 #4 [manipulated] 7 RI_1

12-13.017

15.0

5.0

11-7788

Refractive [URIU]
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0.0 50 10.0 15.0 20.0 250 300
Time [min]

Figure 3-8: Chromatogram obtained during glycerol analysis in a HPLC. The glycerol peak emerged at t=13 min of
run.

The concentrations of glycerol in the samples were calculated with the linear regression shown in
Figure 3-9 and applying the corresponding dilution factor. Results were processed with the

Chromeleon 7.2 Chromatography Data System software.
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Figure 3-9: Calibration curve used for converting HPLC measurements to glycerol concentrations.

Glucose was used as co-substrate together with glycerol in a specific experiment. The concentration of
glucose in the medium was also measured by HPLC. For calibration purposes (See Figure 3-10), the
analytical standard form was used.
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Figure 3-10: Calibration curve used for converting HPLC measurements to glucose concentrations.
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Nitrogen Analyser

Total nitrogen in the media was determined using a Total Organic Carbon / Total Nitrogen Analyser
(TOC-VCSH/TNM-1 Shimadzu). After a catalytic combustion, the nitrogen oxide species react with
ozone and form excited states. The light emitted when those forms return to ground state is measured
with a chemiluminiscence detector. The light energy emitted is proportional to the amount of total

nitrogen. Solutions of ammonium sulphate were used as standards.

Free amino acids quantification

The ninhydrin colorimetric method (Abernathy et al. 2009) was used to estimate the amount of free
amino acids (FAN) in yeast extract. The ninhydrin, originally yellow, turns purple after reacting with

amino acids according to the following reaction:

a —amino acid + 2 ninhydrin - CO, + aldehyde + final complex (blue) + 3H,0

For carrying out this analysis, the ninhydrin colour reagent, the dilution reagent and the stock standard
solution were prepared. The ninhydrin colour reagent contains, per litre of distilled water, 40 g of
NaHPO,, 60 g KH,PO,, 5 g of ninhydrin and 3 g of fructose. The dilution reagent solution is
composed of 2 g KIO; in 600 ml of distilled water and 400 ml of ethanol at 96%. The stock standard
solution was made by dissolving 107.2 mg of glycine in 100 ml of distilled water, what gives a

concentration of 200 mg amino- nitrogen/I.

1 ml of sample was diluted in 50 ml water, and 2 ml of such solution were transferred into a test tube.
1 ml of ninhydrin colour reagent was added to the tube and this was placed in a water bath at 100 °C
for 16 minutes. The tube is allowed to reach room temperature and then 5 ml of the dilution reagent
were added. The absorbance at 575 nm was measured immediately thereafter against a blank prepared

with the culture media.

Product quantification

Fermentation products, essentially organic acids (succinic, formic, acetic acid) were analysed by
HPLC coupled with an UV-Vis diode array detector. The column was the same that the one used for
the glycerol analysis.The most polar compounds elute earlier meanwhile as polarity decreases and the
aliphatic chain increased, compounds are retained longer in the column. The column was protected
with a guard column and the mobile phase employed consisted of a solution 0.1% (v/v) trifluroacetic
acid previously sonicated. The operation conditions were set for the system to operate with a flow rate
of 0.6 ml/min, a temperature in the column of 60°C and a pressure of 70 bars. The wavelength used in

the detector was 210 nm.
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For the preparation of the samples, stored in the freezer once the cell pellet was removed, 300 pl were
diluted in 1200 pl of double distilled water and filtered (regenerated cellulose, 0.45 um pore size) to
prevent blockages in the column. The different interaction strength of the components with the
stationary phase of the column is the reason that some compounds elute faster than others, and it is just
this retention time that makes identification possible. The retention times for different organic acids
are listed in Table 3-1:

Table 3-1: Retention times in HPLC-UV detection of common organic acids obtained as fermentation by-products

Compound Chemical formula Retention time (min)
Malic C4HgOs 10.50
Succinic acid C,HeO, 12.55
Lactic acid C3HgO5 13.17
Formic acid CH,0, 14.10
Acetic acid C,H40, 15.26
Fumaric acid C4H40, 15.85
Propionic acid C;HgO, 18.30
Butyric acid C,Hg0, 22.40

PHB recovery and analysis

Biomass was harvested by centrifugation (between 10 and 40 ml depending on the cell density) at
4500 rpm for 15 min. The pellet was dried in oven at 60°C and the supernatant was either stored for
further analysis or discarded. To be able to analyse the PHB in GC-FID, this needed to be extracted in

a volatile form. The experimental procedure is summarized in Figure 3-11:

Figure 3-11: Steps in the sample preparation for PHB analysis by GC. The dried biomass (picture on the left) is
weighted and a transesterification reaction converts the PHB into a more soluble form (picture in the middle), which
is extracted in the organic phase after the addition of water (picture on the right).

To achieve this, a determined amount of dry cell mass was mixed with 2 ml of acidified n-propanol (1
vol HCI: 4 vol n-propanol) and 2 ml dichloroethane and heated for two hours at 100°C. The acid was
responsible for the hydrolysis of the cell wall and acted as catalyst of the reaction esterification
reaction between the polyhydroxybutric acid and the alcohol. Water (2 ml) was added, when the
reaction was finished (after 2 h) and the mixture has cooled to room temperature, to favour the

separation. The polyhydroxybutyrate stays in the organic phase (dichloroethane) which separated from
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the aqueous phase with the rest of organic compounds. Figure 3-12 shows the key principles of the

procedure for measuring PHAs by GC.

— Organic phase
Esterification n propyl Solubilization

DCE

(HB), to be injected

Propanol (HC) hydroxybutyrate
into GC

Figure 3-12: Sample preparation for determination of polyhydroxybutyrate (PHB) by gas chromatography.

The organic phase obtained from the extraction process described by Riis and Mai (1988) was filtered
and injected into a gas chromatograph (GC) Varian model CP-3800 assembled with autosampler
Combi/Pal and coupled with a flame ionization detector (FID).The temperature of the oven where the
Paraplot Q-HT column was placed was 120°C at the time of injection, and increased to 230°C after
three minutes. The sample was volatilized and passed through a slightly polar column using helium as
carrier gas. A hydrogen / air flame oxidised organic molecules and ionized them. The ions were
collected and the signal produced was measured as an indicator of concentration. Samples and
standards were prepared following the same procedure described elsewhere by Riis and Mai (1988).
Chemicals were obtained from Sigma-Aldrich (UK) and were of the highest grade available. The

normal chromatogram obtained in the GC-FID can be seen in Figure 3-13:
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Figure 3-13: Typical chromatogram obtained during PHB analysis in a GC-FID. The PHB peak emerged at t=15.875
min of run.

Contents of PHB were obtained using Eq. 3- 2 in which the mass of PHB was obtained using the
calibration curve presented in Figure 3-14. Concentrations of PHB were simply calculated by applying

the percentage of PHB to the total biomass concentration at that particular time.

Mass PHB
Mass of dried biomass used for extraction

% PHB = 100 Eq.3-2
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Figure 3-14: Calibration curve used for obtaining the mass values of PHB from GC-FID area measurements.

The difference between CDM and PHB corresponds to the so-called associated biomass (xy).

Extraction method with chloroform

PHB was recovered using the chloroform method (Hahn et al. 1995) to obtain the pure solid form.
After fermentation, biomass was dried in the oven and the resulting pellet submerged in a volume of
chloroform 50 times higher than that occupied by the dried biomass. The suspension was incubated at
30°C for 48 h and then filtered. The filtrate was finally washed with a mixture of methanol and water

in a proportion of 7 to 3 in volume for the bioplastic precipitation to occur.
3.2.5 Data interpretation

Graphical determination of maximum growth rate

The mass balance applied to the biomass in a batch reactor is given by Eq. 3- 3:

dx
o Eq.3-3

where u is the specific growth rate. Assuming that during the exponential growth phase u

stays approximately constant, the diffential equation can be easily integrated (Eq. 3- 4):
Inx =pu-t+Inxg Eq.3-4

Hence, by plotting the natural logarithm of the cell concentration against time during the exponential
phase, the maximum specific growth rate can be obtained from the slope of the curve as illustrated by
Figure 3-15. The length of the lag phase can also be obtained from this type of plot. For doing so, a
horizontal line crossing the y-axis at the value of the initial cell concentration is extended until
intersecting with the exponential phase straight line. The value on the x-axis at which the lines crossed

each other indicates the lag time of the culture.
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Figure 3-15: Logarithmic plot of growth curve, natural log of biomass concentration (e.g. OD) versus time in a batch
culture.

Calculation of yields

Overall yields from a fermentation are calculated as the change in product concentration occurred over

the total substrate consumed during cultivation, see Eq. 3- 5:

AP,
Ypi/s; = ] Eq.3-5

Mass balances

The simplified mass balance to glycerol in a batch system can be written as follows:

Initial glycerol - remaining glycerol = glycerol consumed for cell formation + glycerol consumed in

PHB synthesis + glycerol converted to CO,

Heterotrophic biomass growth of C. necator on an organic substrate (typically) takes place according
to Eq. 3- 6 (Mozumder et al. 2016):

C3HgO3 + O + NH,™ = CH; 740046No 19 + CO, + H,0 Eq.3-6

Under stress conditions, i.e. under nutrient limitation, the organic carbon source is used for PHB

production according to Eq. 3- 7 (Akiyama et al., 2003):

C3H803 + 02 d C4H602 + COZ + Hzo Eq 3_7
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3.2.6 Error analysis

Most of the measurements presented in this thesis were made in triplicate. The average was the value
reported here and the standard deviation (SD), defined Eq. 3- 8, was calculated to evaluate how much

the different measurements deviated from the mean:

— Y)2
SD = ’% Eqg. 3- 8
n_

where X refers to individual data points, X is the average (mean) of individual data points for

the n measurements.

Statistical tests

One way analysis of variance (ANOVA) was applied to test if experimental results were significantly
different (at a specified level of confidence). This test compares means of two or more number
samples based on the F distribution. In the example below, ANOVA was used to compare the optical
density values obtained during growth of C. necator in glycerol rich medium for consecutive runs.
Figure 3-16 displays the data used for the analysis, k=1 corresponds to the first run, k=2 to the second

run and so on.
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Figure 3-16: Growth curves for consecutive runs in glycerol rich medium.

The results of ANOVA were obtained using the statistical table tool from Excel and the normal

display is shown in Table 3-2 where F test is used to determine statistical significance.
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Table 3-2: Results obtained from one-factor ANOVA analysis of growth curves corresponding to consecutive culture
runs on glycerol.

Groups Number of samples Sum Average Variance
k=1 11 36.9006 3.3546 5.680785
k=2 11 59.3373 5.3943 15.57097131
k=3 11 157.315 14.30136364 52.2810502
k=4 11 171.6892 15.60810909 46.62111263
k =5 11 183.193 16.65390909 43.96883389

Source of Squared Degrees of Squared Critical
variations sum freedom averages F Probability F value

Between groups 1693.52 4 423.38 12.89 2.74E-07 1.55

Within groups 1641.22 50 32.82
Total 3334.75 54

The fact that the value of F calculated exceeds the value of F.; implies that the set of data are

significantly different at a level of confidence of a = 0.05.
3.2.7 Computational methods

Matlab was used to produce all the simulations presented in this thesis. ODE23s was used to solve the
system of differential equations of the model. To obtain kinetic parameters, a stochastic optimization
based on a Simulated Annealing (SA) algorithm coupled with a deterministic method that uses the
‘fmincon’ function was used (Vlysidis et al. 2011). The objective function for the optimisation was the
minimum sum of squared errors between predicted and experimental values of the four state variables.

The optimization of other function was done in the same way.
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Adaptation of C. Necator for glycerol consumption

4.1 Introduction

Non-conventional fermentative substrates, such as lignocellulosic materials and food/industrial wastes
are increasingly sought as alternatives to refined sugars to reduce production costs. However, their
complexities very often mean that the utilization of these cheap materials results in a sub-optimal
performance by the biocatalyst. To represent a real economic benefit, the yield of the microorganism
on a particular source has to be taken into account as proposed by Yamane (1993) when formulating

an expression for the cost of raw materials:

n
k. .
RC=Z si Eq. 4-1

where kg is the price of the ith nutrient and Y, /g, is the yield of the metabolite from it.

On the positive side, microorganisms, and in particular bacteria, are known for their ability to adapt to
new environments and new substrates. The natural adaptation may involve fine-tuning of the
biophysical properties of cell membranes (e.g. modification of the lipid membrane composition or
membrane fluidity), the induction of proteins and enzymes synthesis, changes in gene expressions,
morphological changes and accumulation of organic acids (Roy et al., 2009; Buzzini & Margesin
2014; Giannattasio et al., 2005; Cavalheiro et al., 2009; Cavalheiro et al., 2013). By mimicking this
natural behaviour, under controlled cultivation conditions, cellular phenotypes can be shaped. Such in
vitro adaptation processes are normally aimed at increasing the tolerance of a strain to common toxins

found in the feedstock, reducing lag phases and enhancing substrate uptake.

An effective way to achieve cell adaptation is by continuous fermentation. The chemostat has a long
history as a device used in adaptation studies, cell physiology and mutation (Ferenci 2007). In this
configuration, the microbial selection is achieved through the feeding of a substrate, which favours
growth of a specific sub-group of the population. In addition, the pressure imposed by the dilution rate
ensures that only those cells that proliferate at a rate higher than the dilution rate remain as an effective
population in the chemostat. In this way, cells that are not able to metabolize the substrate or that do

not reproduce fast enough are lost from the system.

Landaeta et al., (2013) performed a cell recycle batch fermentation for 39 days to adapt a strain of
Saccharomyces cerevisiae to lignocellulosic hydrolysate medium containing inhibitory compounds.
For the case of Skeletonema costatum and Dunaliella tertiolecta, two species of marine phytoplankton,
Falkowski & Owens (1980) used a light shade adaptation strategy to promote more effective processes

when harvesting and transferring light energy to reaction centres.
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Glycerol is an example of a non-conventional fermentation feedstock. However, due to its simple
chemical structure, it is readily metabolized into an intermediate of the glycolysis. Even though it can
be utilized by a number of bacteria, high concentrations of this substrate frequently have an inhibitory
effect on cell growth (Szymanowska-Powatowska 2015). The three hydroxyl groups in its molecule
make glycerol a polar compound for which the phospholipid layer of cells has a low permeability as

illustrated in Figure 4-1.
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Figure 4-1: Membrane permeability coefficient of different compounds across the membrane of an algal species

(Chara). Permeability correlates well with lipid solubility, represented by the oil-water partition coefficient. Adapted
from Collander (1937).

As glycerol is unable to diffuse through the lipid bilayer, it is incorporated into the cytosol through
facilitated diffusion, specifically, mediated by the facilitator protein GIpF (Lopar et al., 2014). Several
authors have reported the practice of serial subcultivations of Cupriavidus necator cells during the
propagation stage (Cavalheiro et al., 2009; Garcia et al., 2013) in order to adapt cells to glycerol rich
environments. Increases to the number of facilitators (Lopar et al., 2014) or a decrease in the degree of
saturation of the protein (Cavalheiro et al., 2013) are suggested as possible mechanisms for the

adaptation.

Glycerol was the carbon source utilized throughout the research reported in this thesis. Due to the
nature of the bioprocess studied, glycerol was always provided in excess to trigger product formation.
Therefore, cell adaptation was a key requirement in order to achieve a fit for purpose strain. There was
little description in literature regarding the implications of the adaptation or the “standard” procedure
to conduct it. For this reason, further investigation into adaption process (minimum number of sub-
cultivations required, stability of the change, impact on growth/glycerol tolerance/substrate

preference) was carried out alongside the adaptation itself.

4.2 Methodology

The adaptation was carried out by serial sub-cultivation and bio-training as described next.
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4.2.1 Serial sub-cultivation

Cells coming from a working lot made directly for the master culture (obtained from the German
Collection of Microorganisms and Cell culture, DSM) were used as inoculum of a seeding medium
prepared as described in Section 3.2.2 and supplemented with 20 g/l glycerol. An aliquot of this
culture (5% vol.) was transferred to a second flask of fresh media (with the same concentrations of
glycerol as the first one) at the time during which cells were at exponential growth phase. The
transferring process was repeated until similar growth curves were obtained. Periodic samples were

withdrawn from the flasks to monitor growth and substrate consumption. Figure 4-2 illustrates the

)
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serial sub-cultivation process.

Figure 4-2: Schematic representation of the serial sub-cultivation process for cell adaptation.

4.2.2 Bio-training

The adaptation strategy followed for the serial sub-cultivation was repeated for glycerol concentrations
ranging from 30 to 100 g/l. Cells adapted to 20 g/l glycerol were used to inoculate a flask of defined
medium supplemented with 30 g/l of the mentioned carbon source. Once the culture was in the
exponential growth phase, an aliquot of broth was used to inoculate fresh medium of the same initial
glycerol concentration. This step, of sub-cultivating cells at constant glycerol concentration, was
repeated until reproducible growth curves were obtained. Only then, cells were transferred to a higher
concentration to repeat the adaptation sequence, until a maximum concentration of 100 g/l was
reached. Cultivation conditions and medium composition were the same as those reported in section

3.2.2. An illustration of the bio-training experimental procedure is presented in Figure 4-3.
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Figure 4-3: Schematic representation of the bio-training process for cell adaptation.
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4.3 Results

4.3.1 Effect of serial sub-cultivation on growth and glycerol utilization

Figure 4-4 shows the evolution of the total biomass concentration during the serial subcultivation
process (run 1 corresponds to first cultiavation). It can be seen in the figure that for the first two runs,
biomass increased relatively slowly and required more than 250 h to reach the levels of biomass that
were expected. Growth rate became steeper with each subsequent subcultivation until a relatively
constant value was obtained. For the latest runs, approximately 4.5 g/l of biomass was achieved in less
than 50 h. Run 5 and 6 exhibited very similar growth curve and thus, the subcultivation was stopped

after the latter.
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Figure 4-4: Biomass concentration profiles for the different sub-cultivations (run 1 to 6) of C.necator 545 in 20 g/l
glycerol.

The generation number was used as a characteristic parameter of the adaptation process. A time to,
there exists a defined microbial population with low capability for utilising glycerol. The gene
expressions for metabolising glycerol seem to be activated by the presence of glycerol, therefore with
an adequate nitrogen source, the corresponding number of cells (z;) would divide with variation into
enzyme activities (adaptation). At ty, the offsprings of Generation 0 form Generation 1, which can
utilise glycerol at a faster rate. Generation 1 undergoes the same process to form Generation 2 and so

on. In general, the total number of generations required for initial number of cells to evolve to a certain

different number (z,) is:
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_ Z2
N, = log, (Z_l) Eq. 4-2
The number of cells can usually be replaced with the concentration of active biomass x4 in the culture.

The active biomass corresponds to the biomass concentration substrated from PHB. The number of
generation at a particular time (t) can be calculated as follows:

XA2
= it ) Eq. 4-3
Ny = log, G q

where X, is the concentration of active biomass at the beginning of the subcultivation and whereas Xa»
is the concentration of active biomass at that particular time, t. Hence, the overall number of
generation achieved over a series of subcultivations is the sum of the number of generations achieved
in each one of them. If there is a faster glycerol uptake resulting from adaptation, the biosynthesis
would be accelerated as cells become more efficient in utilising the carbon source with the number of
generations. To investigate this, the times when the culture reached cell densities equal to 2, 5 and 10
fold of its initial concentration (newly inoculated) were plotted against the number of generations in

Figure 4-5. To facilitate explanation, these characteristic times were denoted as tj,, tis and tio.
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Figure 4-5: Characteristic times for the different subcultures performed during the adaptation of C. necator 545 to
glycerol. til, ti5 and ti10 represents the time needed to reach an associated biomass concentration of two, five and ten-
fold increase respect to the initial concentration in each culture.

Looking at the values of t;,, the doubling times throughout the adaptation process can be compared:
this number was significantly reduced from 22 h in the first run to only 1.5 h in the fourth cultivation.

Figure 4-6 shows the number of generations over time that occurred during the exponential growth
phase in each sub-cultivation.
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Figure 4-6: Rate of change of the number of generations occurred during the exponential phase for the different
subcultures performed during the adaptation of C. necator 545 to glycerol.
In addition to the carbon source, nitrogen is a vital constituent of cellular components. Without
sufficient external nitrogen supply, many microorganisms can hardly achieve any adaptation due to
inability to synthesis the enzymes required (Stanier 1951) . Protein turnover of cellular constituents
can, to some degree, permit synthesis of new enzymes using internal reserves of nitrogen. However,

this mechanism is negligible when the enzymatic adaptation takes place with ample nitrogen supply.

As can be seen from Figure 4-7, the glycerol uptake rate increased with the number of sub-
cultivations. The fact that extracellular nitrogen was probably already scarce by the time cell started
consuming glycerol in run 2 could contribute to the low value on glycerol uptake rate.
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Figure 4-7: Overall glycerol uptake rate times for different subcultures performed during the adaptation of C. necator
545. The data shows the averages of 3 samples with their respective standard error.
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4.3.2 Stability of the adaptation

The broth from the last run of the serial sub-cultivation was centrifuged and cells were stored in frozen
form as specified in section 3.2.1. With the purpose of evaluating the stability of the changes over the
storage period, a vial from the master culture was compared to a vial from adapted cells stock. Each of
them was used to inoculate a flask containing defined media supplemented with 60 g/l. Flasks were
incubated and periodic samples were withdrawn to monitor growth and PHB was measured for one
sample towards the end of the batch. A dramatic difference was seen between the flask inoculated with
adapted cells and the one seeded with non-adapted cells (see Figure 4-8). This confirms that the
changes occurred during adaptation can be preserved throughout storage periods and therefore there is
a degree of permanence to the changes. Subsequently, a working lot of adapted cells can be generated
to avoid repeating the serial sub-cultivation process before every fermentation experiment.
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Figure 4-8: Comparison between adapted and original cells after storage period. The photograph shows cultures
inoculated with original cells (flask on the left) and adapted cells (right). The graph shows profiles from original (red)
and adapted cells (blue) throughout the cultivation time. The filled symbols correspond to PHB measurements.

4.3.3 Post adaptation growth on a glucose-glycerol mixture

As final test, bacteria coming from the serial sub-cultivation in glycerol, were grown in media
containing both glucose and glycerol in such a way that each of them provides the same amount of
carbon (equivalent to 30 g/l of glycerol). The results are presented in Figure 4-9.
Interestingly, glycerol was clearly the preferred substrate while glucose was barely consumed. The
amount of cells is similar to the one achieved during the sub-cultivation and, as expected, the amount

of PHB is smaller (just half of the carbon was consumed here).
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Figure 4-9: Glycerol, glucose and biomass profiles obtained from the fermentation conducted with a mixture of
glucose and glycerol using glycerol-adapted cells of C. necator 545.

In the literature, it is frequently reported that when C. necator cells are cultivated on media containing
both glucose and glycerol as carbon sources, the glycerol consumption is inhibited by the presence of
glucose (Spoljari¢ et al., 2013). The authors suggest that this phenomenon is related to high sensitivity
of glycerol kinase and glycerol-3-phosphate dehydrogenase on intracellular metabolites originated
from glucose and that the problem could be perhaps solved by improvement of capacity of transport
system for glycerol. From Figure 4-9, it appears that the adaptation process can reverse the natural
trend. In this way, it appears that there is a certain irreversibility of the adaptation process. To return to

a glucose preference, cells may require re-adaptation.

Interestingly in this study, in contrast to carbon catabolite repression (CCR), glycerol uptake became
constitutive while glucose uptake was inhibited in the presence of glycerol this time. In this
phenomenon, known as reverse catabolite repression (RCR) (Collier et al., 1996; Inui et al., 1996;
Parche et al., 2006), glycerol replaced glucose to become the primary carbon source. Thus, C. necator
DSM 545 not only acquired the ability to utilise glycerol efficiently via adaptation but also
successfully inverted CCR to RCR, which implies that the strain possesseses a global regulatory

system with remarkable flexibility.
4.3.4 A potential mechanism for adaptation

The data collected from the serial sub-cultivation was fitted with a convention model to show the
decreasing apparent inhibition due to glycerol throughout adaptation. Initial glycerol concentration
was 20 g/l for all consecutive runs. The variation in the associated biomass, x4, was formulated based

on a Monod equation with substrate inhibition. Glycerol was included as the only substrate to focus on
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its particular influence on growth (Eq. 4-4). A constitutive relationship between glycerol and
associated biomass was also assumed (Eq. 4-5).

dx, S
=3 % Eq. 4-4
5+ks +k_
I
s _r £q.45
dt Y

The equations were solved simultaneously for the initial conditions of the batches 1 to 4.The kinetic
parameters, Mn, ks and Y, were calculated to obtain a good fit of the latest runs (4,5,6) and kept
constant at 0.125 h™, 1 g/l and 0.07 g/g respectively and the inhibition constant was varied to achieve a
suitable fitting for each set of experimental data. Results are shown in Figure 4-10.
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Figure 4-10: Associated biomass profiles for the first four sub-cultivations. The symbols represent experimental data
and the solid lines correspond to the model prediction. The inhibition constant, k,;, was the only Kkinetic parameter

varied for the different experiments: 4.5 g/l (Run 1), 5.5 g/l (Run 2), 20 g/l (Run 3), 120 g/l (Run 4). The values for W,
Ks and Y were kept constant at 0.125 h™%, 1 g/l and 0.07 g/g respectively.

The exposure time of cells to glycerol (e.g. number of sub-cultivations) seems to influence the
detrimental effect of glycerol on growth. This mechanism could be described by a reduction of an
inhibitory constant in the growth rate equation (responsible for decreasing the specific growth rate

whenever glycerol exceeds certain critical concentration) with the number of sub-cultivations. The
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trend in the variation of k, is presented in Figure 4-11. The higher the value, the less the inhibition
effect is observed, such that with no inhibition at all, k, tends to infinity. The figure clearly shows that
the k, value that starts quite low reaches a level where there is effectively no glycerol inhibition by the
fourth run.
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Figure 4-11: Values for the growth inhibition constant due to glycerol obtained for the different subcultures
performed during the adaptation of C. necator 545.

4.3.5 Bio-training

Following the success of the adaptation process, which greatly reduced the doubling time of cells that
were cultivated in glycerol rich medium (20 g/I) for 10 to 15 generations, an analogous procedure, a
so-called bio-training, was implemented with the aim of increasing glycerol tolerance to higher
concentrations. As previously, characteristic times were calculated for each subculture and for every
glycerol concentration tested. Characteristic times, ts, tio, t15, too, cOrresponded to those times required

to reach a biomass concentration 5, 10, 15 and 20 times the inoculum concentration respectively.
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Figure 4-12: Times at which cell cultures reached cell densities equal to 2 (t,), 5 (ts), 10 (t1), 15 (t15) and 20 (t) fold of
its initial concentration for the fermentations conducted throughout the bio-training process.
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As result of the training procedure, the growth curve of cells cultured at different glycerol exhibited
very little variation until they were exposed to 90 g/l glycerol, where all characteristic times increased.
Curiously, the data obtained during the sub-cultivation at 70 g/l glycerol did not follow the same
pattern. It could be that the inoculum used to transfer cells from 60 to 70 g/l glycerol was weak or too
old and resulted in a longer lag phase than expected. Another possible explanation is that there is a
second phase for the adaptation when cells were firstly exposed to 70 g/l. This would explain that the
distance between the points in the graph (characteristic times for 70 g/l) gradually decreases as cells
adapted during cultivation.

Besides growth, residual glycerol concentration in the medium was also measured, as described in
section 3.2.4. Results are shown as simple linear trend lines in Figure 4-13. The improved capability of
C. necator cells to tolerate glycerol (and grow almost equally fast in the range of 20 to 90 g/I) can be
related to an increased initial uptake rate as observed in Figure 4-13, where the slope of the lines
increases with the initial glycerol concentration until this one reaches 90 g/I.
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Figure 4-13: Trends in glycerol profiles at the beginning of the fermentation for cultures performed in series with
increasing initial glycerol concentration.

Following the good response of cells cultivated under high glycerol concentrations, adapted cells were
directly transferred to four separate flasks containing 30, 50, 70, 90 g/l glycerol in order to investigate
if the same results would have been obtained without the bio-training process. The differences
between them are presented in Figure 4-14:
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Figure 4-14: Comparison between the characteristic times t;, of C. necator cells undergoing the bio-training
adaptation process (diamond) and cells adapted to 20 g/l glycerol that were directly grown in 30, 50, 70 and 90 g/I of
glycerol, without undergoing the gradually-increasing concentration method (triangles).

Compared to cells which were not progressively transferred from low to high glycerol concentration,
trained cells exhibit a faster response as can be seen in Figure 4-14, This difference can represent a

delay in reaching end of exponential phase as long as 11.7 h if cells have not being “trained”.

4.4 Conclusions

According to Brooks et al., (2011)), an organism has adapted when it has evolved molecular
mechanisms that allow it to grow optimally under spatiotemporally varying physicochemical
conditions of its surroundings. The microbial strategies of adaptation to a particular environment can
occur at phenotypical or genotypical level. The former are characterised by temporary changes
whereas the latter involve long lasting changes (van Gemerden & Kuenen 1984). For instance, a
change in lipid composition of microbial cells, increasing proportion of unsaturated acids, allows the
membrane to retain fluidity when incubating in low temperatures (Russell et al., 1990). When grown
in a more viscous environment, certain bacteria such as Vibrio parahaemolyticus can adapt by forming
swarmer cells; these cells adopt a more efficient means of movement which confers them an advantage
for moving over a more solid surface. Another example is the phenotypic characteristics developed by
biofilm bacteria for evolving from free swimming microorganisms to be part of a surface attached
community (O’Toole et al., 2000).

Researchers have taken advantage of this natural behavior of cells being adaptable to improve the
performance of the biocatalysts at the target working conditions by following different strategies. The
pre-exposure of the microorganisms to normally inhibitory compounds/sub-optimal conditions can
improve the later performance in a bioreactor containing such components/carried out at similar
conditions. Vibrio parehaemolyticus has demonstrated a greater tolerance to acidity and temperature

stresses following growth in media containing 3% NaCl (Whitaker et al., 2010).
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Preliminary studies showed that, without adaptation and in comparison to glucose, glycerol is not the
preferred substrate for bacterial growth and carries additional inhibitory effects. When C. necator cells
were grown on glycerol for the first time in the present study, they exhibited a long lag phase followed
by a slow growth, derived from a poor glycerol uptake rate. A series of experiments were therefore
planned in order to overcome this low performance and to ensure a reproducible behavior in

subsequent fermentations.

Adaptation of C. necator cells to glycerol-rich environments was achieved by serial sub-cultivation in
media containing glycerol as sole carbon source. After 4 or 5 consecutive cultivations, biomass growth
rate had significantly improved and a maximum (observable) specific growth rate of 0.46 h™ was
achieved. This result is in agreement with the typically reported range for number of sub-cultivations
to reach adaptation (Salakkam 2012; Cavalheiro et al., 2009; Naranjo et al., 2013).

In fact, the number of subcultivations will depend to some extent on the length of those cultivations.
The number of generations might be a more meaningful measure and so this was calculted in the
present study. Using this measure, the adaptation can be fully achieved between 10-15 generations

regardless the number of sub-cutivations.

The reason behind the cellular adaptation to glycerol is linked to the glycerol uptake and intracellular
metabolism of it. Considering that glycerol is normally used as cryogenic preservative agent, it is
unlikely that diffusion would be a limiting resistance for glycerol utilization. It is more likely that a
switch in the enzymatic machinery to synthesize those enzymes required for the consumption of

glycerol occurred during extended cultivation.

Studies in literature show that when glucose and glycerol were both used as carbon sources, a strong
inhibition of glycerol consumption by glucose occurred (Spoljari¢ et al., 2013). The fact that when, in
the present work, adapted cells were cultivated in a mixture of glucose and glycerol, they did not
consume glucose is rather interesting. This could because of catabolic repression (CCR), where
enzymes necessary for the utilization of various other substrates are not longer synthesized. In the
metabolic pathway, glycerol is closer to the end-product than glucose, so it could be the case that once
the enzymes involved in their metabolism are synthesised, glycerol becomes the preferred substrate.
This switch in the enzymatic machinery makes other forms of adaptation less efficient. In the same
research group, parallel studies on cell subcultivation in media containing glucose and glycerol with
decreasing amounts of the former in favour of the latter have shown an increased time to reach
adaptation. In fact, adaptation barely occurred while glucose was still present. Therefore, there is an
element of pre-programming in the metabolism of the organisms that prevents it to adapt to a different

substrate while it has the preferred element. Once adapter however, the situation is reversed.
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In conclusion, C. necator can be trained to tolerate and grow on glycerol concentrations of up to 90
o/l with little deviation from the profiles obtained for growth when using 20 g/lI. This is very important
considering that once the carbon required for cell formation is provided, the rest can be used for PHB
synthesis. Also, the final doubling time of adapted cells is very close to that for cells growing on

glucose, suggesting that glycerol is capable of substituting glucose as a substrate for cell growth.
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Building a preliminary macroscopic model

5.1 Introduction

This chapter presents the process of setting up a preliminary macroscopic model for describing
glycerol-based PHB production by C. necator DSM 545. Once glycerol had been shown to be a
suitable carbon source for growth (after the corresponding adaptation procedure), the next step was to
evaluate if it could be also a good feedstock for the synthesis of the biopolymer of interest. Cells
adapted to 20 g/l were used in the subsequent experiments. After PHB production was verified,
procedures for conducting and following a fermentation process in flask scale were implemented.
Studies on different conditions, in terms of carbon and nitrogen concentrations, were then performed
in order to enable future kinetic analysis, investigate mechanisms that control PHB production and
identify those regions (nutritional conditions) in which PHB is best.

5.1.1 PHB production process

The general procedure for microbial PHB fermentation, involves upstream and downstream operations
similar to those normally found in any fermentation system. Media are formulated to supply the
required nutrients and minor elements, or as in this case, to impose limiting conditions. Media are
autoclaved prior to inoculation, then after fermentation, biomass is separated from it and the cell

structure is disrupted to release intracellular products.

After biomass is separated from the culture medium, normally by centrifugation, sedimentation or
filtration, PHB is extracted. When designing an industrial process, the selection of an appropriate
method of extraction would depend on the microorganism, desired purity and impact of the treatment
on the molecular weight. As reviewed by Jacquel et al., (2008), there are different options for each of
the downstream operations: pretreatment (thermic, alkaline, salts, freezing), extraction (solvents,
chemical/enzymatic digestion, mechanical rupture, supercritical fluids), purification (oxygen peroxide,
ozone). However, as these operations were not the focus of this research, a standard extraction method
based on solvents (Riis & Mai 1988) was chosen for its practicality for all the lab experiments
conducted, as reported in section 3.2.4. If the product were to be characterized, it can be also
recovered using the chloroform method (Kunasundari & Sudesh 2011) reported in 3.2.4. Some PHB
produced in the current study and extracted by this method, for the purpose of knowing how it appears,

is shown in Figure 5-1.

Figure 5-1: PHB recovered from glycerol fermentations by C. necator using the chloroform method.
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5.1.2 Microbial PHB production and detection during cultivation

Methods for identifying PHB production during fermentation enabled preliminary studies on the
capability of C. necator cells to accumulate PHB. Sudan black staining and transmission electron
microscopy were performed with the view to confirming the presence of PHB granules prior to the
extraction stage at the end of the fermentation. The staining technique, detailed in section 3.2.2, is a
quick way of detecting PHB within cells grown on solid media (See Figure 5-2).

Figure 5-2: Unstained (left) and stained (right) cells of C. necator on petri dishes. The black coloration indicates
presence of PHB.

Samples from a fermentation performed with large excess of carbon were observed under the
transmission electron microscope (TEM) with view to visualize PHB granules in the cell culture. The
majority of C. necator DSM 545 cells revealed inclusion bodies inside (See Figure 5-3) that appeared
similar to those reported in the literature (Anderson & Dawes 1990; Ballard et al., 1987). These
granules had a higher density than the rest of cell matter (electron denser) and thus appear as a
different colour. Cells were rod shaped and some became large and wider as granule formation
progressed. Cells appeared to contain relatively large numbers of granules, but this is consistent with
what other authors have reported when conditions are favourable. Where very large granules were
observed, these are thought to have come from the fusion of smaller ones.

In early studies, typically around 10 granules per cell were reported for C. necator cells (Tian et al.,
2005; Silva et al., 2007); more recently, the findings of Mravec et al., (2016) revealed a higher
average number of granules, between 10 and 15 per cell. In conditions that favour PHB synthesis, the
number of granules rapidly changed from 2-6 to more than 12 in R. eutropha H16 (Wahl et al., 2012)
and up to 18 to 25 granules per cell were occasionally observed in the same strain (Tian et al., 2005).
Coalescence of granules was observed after 73 hours of cultivation. A much lower number was
obtained in a fermentation conducted in 5 CSTRs connected in series, where the number rarely
exceeded 3 within C. necator cells. It was not clear whether the differences come from intrinsic
regulation of granule-associated proteins or the cultivation technique (Vadlja et al., 2016).
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The different colour of PHB and cellular components in the image allows an estimation of the quantity
of PHB within the cell, as shown by the inset of Figure 5-3. The area of the coloured image
(represented by the number of pixels) occupied by the granules can be divided by the total area of the
cell to express an approximate percentage of the cell occupied by PHB. Clearly, the volumetric effect

would mean that the number is an overestimate but it is useful to show trends and comparisons.

Figure 5-3: Observation of PHB granules under transmission electron microscope. On the right, the central cell was
chosen to estimate PHB content based on colour difference:

(Area occupied by green pixels )/(Total cell area) = 1122057/1664549 - 100 = 67.4%.

Of course, the actual PHB content would not correspond to exactly the 67.4 % calculated. But the
number is in the typical range for the content that C. necator cells can accumulate and that was found
when determining PHB amount by gas chromatography after extraction.

For an accurate quantification, as mentioned, the cellular volume would need to be calculated. For
doing this, Tian et al., (2005) used the volume equation of a cylinder. Tomographic models could also
be applied to restore 3D figures from 2D images as developed by Beeby et al., (2012) to follow
granule genesis and development. It is important to point out the diversity of number and sizes of
granules within the cell culture, which makes statistical analysis of the cell population a requirement
for obtaining representative results such as those from Vadlja et al., (2016)

5.1.3 Measurement of cell concentration in suspension by optical density

Techniques to monitor biomass concentration based on light scattering have the advantage of being
rapid and non-destructive. However, it was questioned if they would be appropriate to follow biomass
evolution considering that biomass is integrated by two different compartments that will possible have
different absorbance properties. To test the suitability of this technique in this particular case, the
relationship between cell dry mass (CDM) and optical density (OD) was plotted against fermentation
time for the later cultures of the adaptation process. OD measurements were converted into OD
absolute values by multiplying the absorbance readings by the corresponding dilution factor. Results

are shown in Figure 5-4.
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Figure 5-4: The changing relationship between cell dry mass and optical density as fermentation progresses for
different sets of data from different cultures of C. necator.

Despite the data scattering, it can be observed that the ratio between CDM/OD decreases (non-
linearly) for the first 50 hours of fermentation and then stabilizes to a constant value of around 0.2.
This means that for younger cells, optical density changes faster than cell dry mass, but both properties
tend to vary very similarly as the fermentation progresses. In other words, optical density relates
linearly with optical density after a certain point in the fermentation (or a certain value of CDM or
OD). It was decided that optical density would be converted into cell dry mass following the two
different correlation curves presented in Figure 5-5. For optical densities lower or equal to 10.5,

second order polynomial equation would be used, whereas for higher values of OD, a linear curve

applies.
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Figure 5-5: Correlation developed to convert optical density measurements into estimated cell dry mass values for
glycerol fermentations by C. necator.
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5.1.4 Example of a simple batch culture for PHB production

Results presented in Figure 5-6 illustrate typical substrate and product profiles obtained when using a
relative high C/N ratio (32 mol/mol) in a batch fermentation. Total biomass, PHB, associated biomass
(non-PHB biomass) and glycerol concentration are plotted against experimental time. Total biomass
concentration, which integrates PHB and associated biomass, increased rapidly in the first hours of
fermentation. The fermentation entered stationary phase after 40 h and totally biomass concentration
started decreasing by the 75" hour. PHB production was slower than associated biomass accumulation
during the first hours of cultivation although, eventually, the amount of PHB reached a higher value
than the amount of associated biomass. PHB content began to decline from the time at which glycerol

had been exhausted (around 80 h). Nonetheless, associated biomass remained approximately constant.
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Figure 5-6: Profiles of glycerol fermentations by C. necator over the course of a batch culture conducted with excess of
carbon over nitrogen at an initial C/N ratio of 32.

The observable maximum growth rate occurred at 9.5 h of fermentation. The maximum production

rate however was in the 33" hour as shown in Figure 5-7:
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Figure 5-7: Evolution of biomass, PHB and associated biomass production rates over the course of a glycerol
fermentations by C. necator. The observed maximum production rate occurred at the 33" hour.

Based on the stoichiometric reaction proposed by Akiyama et al., (2003), every mole of PHB is

synthesized from 2 moles of glycerol. Although all glycerol appeared to be consumed by the end of

the fermentation, only around 30 % can be accounted for in terms of PHB formation (See Figure 5-8).

The remainder is consumed for the purposes of respiration, biomass formation and general

metabolism.
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Figure 5-8: Stoichiometric division of glycerol utilization during a glycerol fermentations by C. necator conducted

with 30 g/l glycerol.
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5.2 Studies on the influence of glycerol concentration on PHB production

PHB reserves are mainly accumulated when microorganisms are grown under nutrient-limited
conditions with an excess of the carbon source. However, the amount of carbon (glycerol) can have a
positive or negative effect on growth, which in turn affects PHB production. Therefore, the maximum
concentration of glycerol needs to be carefully evaluated to prevent inhibitory effects and maximize
the yield of carbon into PHB. The effect of glycerol on the fermentation results was evaluated using
data obtained from experiments with variable initial amounts of glycerol and constant amount of

ammonium sulphate (1 g/l).
5.2.1 Effect on growth rate

To study how the presence of glycerol influences the velocity at which cells divide, the specific
growth rate during exponential phase was calculated from the logarithmic plot of biomass with time as
detailed in section 3.2.5. During the early hours of culture, when nitrogen is plentiful, all biomass is
considered to be associated biomass. The error bars shown in Figure 5-9 represent the standard error

between this variable calculated for more than one culture (repetition).
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Figure 5-9: Specific growth rate observed during exponential phase for different initial glycerol concentrations in
simple batch fermentations of C. necator. Error bars represent data from repeat experiments.

The observed maximum specific growth rate decreased as the initial glycerol concentration in the
medium increased. Values for the growth rates of the cultures at more than 100 g/l glycerol are less
than half of those for 20 g/l. Clearly, there is significant substrate inhibition. A popular model to
represent this is the modified form of Monod equation (Eq. 5- 1) which can capture the experimental
trend. Using this model with typical but un-optimized parameters values, a curve through the data is
represented in Figure 5-10.
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Figure 5-10: Specific growth rate observed in C. necator cultures for a range of initial glycerol concentrations and
fitted by Eq. 5- 1 with p,,, = 0.27 1/h,ky;, = 1.5 g/L k; = 31 g/1.

5.2.2 Effect on PHB accumulation

Volumetric PHB concentration in the vessel is a function of intracellular content of PHB and biomass
concentration. PHB content was measured at the end of the fermentation and results, in terms of
concentration (by multiplying by the final biomass concentration) are shown in Figure 5-11 by the
triangles. The distribution of PHB and associated biomass is shown by the bars.
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Figure 5-11: PHB concentration and proportion of PHB and associated biomass obtained for batch fermentations by
C. necator conducted with different glycerol amounts. Error bars represent data from repeat experiments.
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Maximum PHB concentration (7.5 g/lI) was achieved with 40 g/l of glycerol, which improved the
production over the batches conducted with 20 and 30 g/l. Concentrations exceeding 40 g/l did not
foster any further increase in PHB concentration and in fact, contents fell to a low value at 80 g/l and
appeared to remain (with the exception of 100 g/l) constant thereafter. Associated biomass
concentration followed the opposite trend.

The above observations strongly suggests that initial glycerol concentrations regulate the production of
PHB and associated biomass during a fermentation and that beyond a certain concentration the carbon

source negatively impacts PHB production.
5.2.3 Glycerol consumption

Besides not favouring PHB accumulation, too much glycerol can have detrimental effects: increasing
cost in purification stages and/or leading to undesirable metabolic pathways. Glycerol consumption
under different initial conditions is illustrated in Figure 5-12. The data were fitted to an exponential

decay model (Eqg. 5- 2) in which k is the decay constant.
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Figure 5-12: Dynamics of glycerol consumption for C. necator fermentation conducted with various initial glycerol
concentrations. The lines represent the exponential decay equation for each initial concentration and an exponential
decay constant of 0.02 h™.

Figure 5-12 suggests that initial glycerol uptake increases with the initial glycerol amount but not all
glycerol gets consumed for the highest initial glycerol concentrations (80, 90 g/l) and for the time
range plotted. Although the exponential decay model described well the profiles for the lowest
glycerol concentrations is a poor fit for high initial glycerol concentrations. The fact that enzymes

involved in glycerol conversion might get saturated could explain the residual glycerol levels.
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Remaining glycerol and final consumption of glycerol are presented in Figure 5-13. These confirm the
general observation described above. Glycerol consumption was computed taking into account the

initial and final values of volume from the culture, as indicated in Eq. 5- 3:

Gly consumed = Gly,V, — Gly;V; Eq.5-3

As PHB production did not increase for initial glycerol concentration exceeding 40 g/, it was expected
that the percentage of unused glycerol would increase for larger initial amounts of glycerol.
Nonetheless, for concentrations over 80 g¢/l, glycerol utilization seemed to start rising again. It is
speculated that flux of carbon can be redirected towards organic acid formation as a cell mechanism to
deal with the excess of substrate. Fermentation by-products (organic acids) were detected on those

conditions.
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Figure 5-13: (a) Glycerol concentration left at the end (approximately 120 h) of C. necator fermentations conducted
with different amounts of glycerol. (b) Total amount of glycerol consumed during the same.

5.2.4 Overall yields and mass balances

For a better evaluation of the fermentation performance, yields of associated biomass (Y yaciy) and
PHB (Yrueicly) based on total glycerol consumption were calculated for the experiments already

presented and these are shown in Figure 5-14.
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Figure 5-14: Overall yields of the main fermentation products, cells (x,) and PHB for C. necator fermentations
conducted with different initial glycerol concentrations.

As presented in section 3.2.5, stoichiometric equations to represent glycerol conversion to biomass and

PHB were used to estimate the carbon concentration that would be theoretically required in order to

obtain the experimental values of cells and PHB. The difference between the theoretical requirement

and the actual consumption is presented in Figure 5-15 and represents carbon utilized for other

metabolic purposes.
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Figure 5-15: Experimental and calculated values of the glycerol consumed by C. necator in fermentations with
different initial glycerol concentrations. Calculated values represent the glycerol that would be required just to
produce cells and PHB based on stoichiometric reactions.
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5.2.5 Discussion

From the above results it can be seen that glycerol can be used as the sole carbon source for both
growth and PHB production by C. necator DSM 545. The PHB produced could be easily identified
with staining techniques, such as Sudan Black. Intracellular granules were also detected by observing
cells under TEM. Fermentations conducted with excess of glycerol over any other nutrient yielded
PHB as main fermentation product, although the proportion of glycerol used in PHB production was
only one third of the total consumed. PHB was extracted and recovered using the chloroform method
and a white film of polymer was obtained.

Within a typical fermentation culture, the maximum rate of PHB production occurred after the
maximum rate of biomass had been achieved, which could indicate a non-growth associated process.
PHB production seemed to depend on the presence of glycerol and PHB concentration started
decreasing as glycerol was virtually exhausted (in this way, the degradation of PHB could provide
essential carbon that the culture lacked). It was thought that a larger excess of glycerol could lead to
better results and the outcomes of cultures with higher amounts of glycerol were tested. Final
associated concentration did not vary significantly regardless the initial concentration, which implies
that glycerol was not limiting growth even at a concentration of 20 g/l. Although cells can grow on
very high glycerol concentrations (170 g/l), large amounts of this carbon source seemed to reduce the
doubling time of the cells, which agrees with the findings of Zhu et al., (2009), who stated that the
specific growth rate of C. necator decreased when using either pure glycerol or biodiesel-glycerol as
sole sources of carbon at concentrations exceeding 30 g/l. A Monod-based model with substrate

inhibition was therefore chosen to model the experimental data.

PHB content improved when the initial glycerol concentration increased from 20 to 40 g/I, reaching 83
% on a total biomass basis. The fact that for this case associated biomass was slightly lower than
normal (values for 20 g/l) could suggest that cells did not proliferate to their maximum potential in
favour of an over-production of PHB. Larger excesses of glycerol would, therefore, not have any
further benefit as no more PHB would be formed. Cultures would take longer (slower growth rate) and

some glycerol could remain unconsumed until the end of the fermentation.

In the experiments reported above, the highest PHB concentration was achieved when using 40 g/l of
glycerol. However, the highest yield of PHB based on glycerol was attained for the fermentation
started with 20 g/l. Even if glycerol is considered to be a very energetically favourable substrate for
the formation of acetyl-CoA, the precursor for PHB synthesis, it is speculated that above a certain
concentration, it is redirected into different pathways since it was observed that the glycerol
consumption increases with increasing initial glycerol concentration. Other metabolites (organic acids)

might have been produced as a result of the excess of carbon that cells could not convert into PHB and
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accommodate in the cytoplasm (cells might have a maximum capacity for storage). Consequently,
there is a gap between stoichiometrically calculated and experimentally observed data in Figure 5-15
leading to a decrease in overall yield.

5.3 Studies on the influence of nitrogen concentration on growth and PHB

production

As described in the literature review, carbon and nitrogen concentrations are considered amongst the
critical variables for the optimization of PHB production. Clearly, both elements have a major effect
on outcomes, but maybe not to the same extent on PHB production and growth. The effect of carbon
on the fermentation outcomes was reported in the previous section. The current section describes the
results of experimental work performed to understand the effect that nitrogen concentration has on the

system.
5.3.1 Effect on growth rate

Batch fermentations with different initial amounts of nitrogen, in the form of ammonium sulphate
(AS), and constant amount of glycerol (30 g/l) were carried out in order to establish the impact of this
compound. Cultures with larger amounts of nitrogen became turbid sooner than those with less
nitrogen. Figure 5-16 shows broth samples taken from cultures started with various amounts of

ammonium sulphate.

Figure 5-16: Range of turbidity found in sample broths from glycerol fermentations by C. necator cultures started
with different initial nitrogen concentration. The concentrations used in the respective flasks, from left to right, were
0.1,0.25,0.5,0.75and 3 g/l.

Aliquots from flasks, incubated under the same conditions, were periodically withdrawn so that
growth curves could be obtained and evaluated. The raw data corresponding to initial concentrations

of ammonium sulphate (AS) ranging from 0.1 to 3 g/l are presented in Figure 5-17.
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Figure 5-17: Variation of cell dry mass with time for glycerol fermentations by C. necator with initial concentrations
of ammonium sulphate (AS) from 0.1 g/l to 3 g/I.

Fermentations with higher concentrations of ammonium sulphate (4 and 8 g/l) were conducted with a
view to establishing the threshold in terms of cell concentration for this particular system. After PHB
was extracted and quantified, the associated biomass, which is the actual indicator of cellular growth,

can be deduced. Results at 100 hours of cultivation are plotted in Figure 5-18.
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Figure 5-18: Associated biomass concentration produced by 100 hours of glycerol fermentations by C. necator
fermentation for different initial amounts of ammonium sulphate.

As observed in Figure 5-17, there is an apparent relationship between nitrogen concentration and cell
growth. Cultures that had the lowest nitrogen concentration i.e. 0.1 g/l also showed the lowest biomass

concentration throughout the fermentation. As seen in the graph, cell dry mass increased with initial
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nitrogen concentration following a linear trend up to 2 g/l (represented by a dashed line in Figure
5-18).

Unlike glycerol, variations in the nitrogen concentration have a direct impact on the production of
associated biomass (as expected for the limiting substrate). It can be seen that final dry cell mass and
the production rate of it increased when cells grew in a medium with abundant nitrogen. Specific
growth rates for the various N concentrations were graphically calculated from the semi-logarithmic
plot of biomass, as illustrated in Figure 5-19:
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Figure 5-19: Semi-logarithmic plot for cell dry mass against time for determination of specific growth rate of C.
necator at the different ammonium sulphate concentrations.

In all the data series, the data points corresponding to the first 24 hours of fermentation (exponential
phase) follow a linear trend, which becomes steeper as the concentration increases. The slope from
these lines corresponds to the specific growth rate. Finally, the plot of specific growth rate vs.
ammonium sulphate concentration is presented in Figure 5-20:
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Figure 5-20: Variation in the maximum specific growth rate observed, at exponential phase, as a function of the initial
amount of nitrogen (ammonium sulphate) in glycerol fermentations by C.necator.
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Specific growth rate increased with the concentration of nitrogen until concentrations around 2 to 3 g/l
when it started to decrease. This inhibitory effect is consistent with the results obtained in the
fermentation conducted with 8 g/l of AS, where only 1.5 g/l of associated biomass had been produced
by 100 hours.

As with the glycerol data, growth rates were fitted to a Monod equation coupled with substrate
inhibition. In this case, the equation was based on nitrogen as the limiting substrate. The results of un-
optimised modelling are presented in Figure 5-21.
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Figure 5-21: Specific growth rate observed for a range of initial ammonium sulphate concentrations in glycerol

fermentations by C.necator and fitted by Eq. 5- 1 with g,,, = 0.2 h™1,ky; = 0,5 g/Lk; = 5,25 g/1( kyand k; are
based on nitrogen).

This indicates that, as expected, specific growth rate is strongly dependent on the amount of nitrogen
in the medium, since nitrogen is limited with respect to carbon. The more nitrogen in the medium, the
more the cells can grow and they do until a concentrations of 3 g/l, for which extra nitrogen does not
lead to higher specific growth rate nor amount of cells produced. In fact, it looks like ammonium
sulphate concentrations above 3 g/l have an inhibitory effect on growth, which agrees with the
findings reported in literature (Heinzle & lafferty 1980). However, specific growth rate also varied
with glycerol concentration for a fixed amount of carbon, which means that both substrates (carbon
and nitrogen) impact the rate of cell reproduction, and thus, both need to be incorporated in the

equation to describe cellular growth rate (i.e. a double substrate model is needed).
5.3.2 Effect on PHB accumulation

Fermentation results, in terms of total biomass and PHB concentrations, for cultures prepared with 1, 2
and 3 g/l of ammonium sulphate and the same initial glycerol concentration (30 g/l) are presented in
Figure 5-22.
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Figure 5-22: Biomass and PHB concentration profiles from glycerol fermentations by C. necator conducted with
various amounts of nitrogen and the same initial glycerol concentration (30 g/l).

As observed from Figure 5-22, the lowest total biomass concentration by the end of the fermentation
corresponded to the culture that contained, at the beginning, 1 g/l ammonium sulphate. As commented
earlier, higher nitrogen concentrations yielded higher associated biomass concentrations, and thus,
values of total biomass obtained for 2 and 3 g/l were higher. The growth rate seemed to stay rather
constant for the three cases based on the time required to reach stationary phase for the different cases.
The major difference observed between those set of data is the PHB profile for the culture conduced
with 3 g/l initial ammonium sulphate. Production rate was much lower than for the cases with less
nitrogen and just reached its maximum value by 136 hours. A higher concentration of nitrogen in the
first hours of fermentation is thought to limit the synthesis of PHB, as cells prioritize growth and PHB
formation. Figure 5-23 shows that PHB content by the end of fermentation was significantly higher for
the culture started with 1 g/l ammonium sulphate than for those cultures that initially contained 2 and 3
ag/l.
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Figure 5-23: PHB content on a total biomass basis for glycerol fermentations by C. necator conducted with various
amounts of initial ammonium sulphate concentration.

5.3.3 Nitrogen consumption

The uptake of ammonia by the cells liberates a proton from the NH," molecule, which is (partially)
responsible for the acidification of the media. Thus, pH measurements can be an indirect method of
following nitrogen consumption over the course of fermentations. Figure 5-24 shows the variation in
the pH for cultures started with different amounts of ammonium sulphate.

©0.1g/l AS m0.25g/I AS +05g/l AS A0.75g/l AS x3 g/l AS
75

7 & ig.
6.5 ial
X
6 X
X
5.5 ) §

> H O
]

4.5 X

3.5

0 20 40 60 80 100
Time (h)

Figure 5-24: Evolution of pH for glycerol fermentations by C. necator conducted with different amounts of initial
ammonium sulphate (AS).

As expected, the drop in pH is larger for cultures conducted with higher concentrations of ammonium
sulphate. By the 18" hour of culture, when the reduction in pH can be assumed to come just from
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growth, the decrease was of 0.4, 2.5, 4.4, 7.2 and 11.9 % for fermentation conducted with 0.1, 0.25,
0.5, 0.75 and 3 g/l respectively. The relationship between pH diminution and growth rate is shown in
Figure 5-25. The sharpest pH drop matches the exponential growth phase.
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Figure 5-25: pH and biomass evolution for a glycerol fermentation by C. necator.
5.3.4 Test with an organic source

In all the experiments conducted during the research, ammonium sulphate was used in order to have a
defined composition in the media that could be easily quantified. To evaluate if growth could be
improved by using an organic source (peptone), four flasks were prepared with two high nitrogen
concentrations, 3 and 6 g/l ammonium sulphate (AS3 and AS6) and the equivalent nitrogen
concentrations in the form of peptone (P3, P6) in the other two. The growth curves obtained are
presented in Figure 5-26.
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Figure 5-26: Evolution of biomass concentration for glycerol fermentations by C. necator conducted with relatively
high inorganic (ammonium sulphate) and organic (peptone) nitrogen sources. Initial concentrations were 3 g/l (AS3
and P3) and 6 g/l (AS6 and P6).
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Growth on the organic sources looked better as the culture was able to make use of it straight away
and cells grew more readily (the inhibition effect for ammonium sulphate concentrations greater than 3
o/l has been reported earlier). Nonetheless, peptone did not yield overall higher yields than ammonium
sulphate, which could have led to more PHB production. Thereby, using an organic, more expensive

and undefined, nitrogen source did not seem to bring great benefits.

5.4 Developing a biomass production hypothesis

Biomass is the main product of the fermentations conducted and it is composed of two principal
components, residual (associated) biomass and PHB. Growth of the active fraction of biomass and
PHB production are controlled by different mechanisms. The two factors studied, the carbon and
nitrogen source, have shown a large effect throughout the course and on the final values of the
fermentations. Glycerol and ammonium sulphate, however, impact the culture dynamics differently.
Together with these two substrates, the ‘response’ variables evaluated, associated biomass and PHB,
will constitute the main variables in the model. Using the observations described above the following

hypothesis for growth and PHB production is postulated.

Biomass concentration is the sum of associated biomass and PHB concentrations. Growth of the active
fractions causes the increase of total biomass during the first hours of fermentation. Consumption of
nitrogen, the limiting substrate, is directly proportional to the growth of the non- PHB fraction, at least
for concentrations between 0 and 2-3 g/lI, and is totally consumed by the time associated biomass
growth stops. This implies a constant yield of associated biomass based on nitrogen. The growth rate
of associated biomass is enhanced by the presence of ammonium sulphate up to 3 g/l. Growth rate
inhibition occurs for concentration exceeding this value. Glycerol concentrations above 40 g/l also

inhibit growth, although they do not influence the final value of associated yielded.

PHB production, on the other hand, is directly related to the presence of carbon, and the deficiency of
nitrogen. In fact, it is believed that nitrogen depletion activates PHB production. PHB increases with
glycerol concentration to a certain extent above which additional glycerol does not result in any more
PHB formation. There is a maximum size that cell can reach during PHB accumulation and thus, there
is an upper limit in terms of PHB content. If high glycerol concentration is too high, other products
(e.g. organic acids) are produced. PHB production does not start until nitrogen is depleted (i.e.

unfavorable conditions for growth). This suggests a non- growth associated production process.

Nitrogen is only consumed for growth associated process and is therefore directly proportional to
growth rate, whereas glycerol is utilized both for growth and PHB production. A general

representation of the above is given in Figure 5-27 and was used as the basis to construct the model.
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Figure 5-27: Mass fluxes and regulatory mechanisms that could explain PHB production by C. necator fermentation.
5.5 Formulating the model equations

The biomass production hypothesis has been translated into mathematical equations to describe the
variation of products (PHB and associated biomass) and substrates (glycerol and nitrogen) with time
and constitutes the kinetic model, which will be used to predict fermentation outcomes (Eq.5- 4 to
Eq.5- 7).

dxA
dt =Tx, = HUx, " Xa Eq.5- 4
dP
E=TP=qp'xA Eq.5-5
dGly
BT =Tey = qeiy " Xa Eq.5- 6
dN
_Eerqu'xA Eq.5-7

Cells are responsible for creating new cellular matter (x,) and synthesizing the intracellular
biopolymer (PHB), which together form the total biomass (TB), as indicated in Eq.5- 8. Since PHB
stays inside the cellular membrane if cells do not lyse, any change in TB is due to an increase or
decrease in x, and/or increase or decrease in PHB. However, neither cell death nor PHB degradation

has yet been considered in this model formulation.
TB = X4 + PHB Eq.5- 8
The specific rates, value of the rate divided by the associated biomass, were formulated based on the

kinetic mechanisms observed. In this way, the fact that the growth rate can be affected simultaneously

by more than one substrate is can be mathematically translated into a double substrate model. To
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account for the inhibition effect of both substrates, several forms of the Monod equation could be used

(Pérez Rivero et al., 2016), but the one that resembles closest to the situation is given in Eq.5- 9.

o N1 Gly
Xq4 —
ky + N 1+% Gly-(1+%)+ka Eq.5-9

where ky and k; are respectively the half saturation constant in Monod model and the inhibitory
constant due to (large) nitrogen (N) concentrations and k, and k. correspond to the half saturation

constant for glycerol (Gly) and its inhibitory constant.

As for growth rate (based on associated biomass), a modified Monod equation with glycerol as
limiting substrate was also produced to describe the specific PHB production rate. An excess of
glycerol, the sole carbon source, promotes PHB production up to a certain level at which the system
becomes “saturated”. A term representing the delayed appearance of PHB when nitrogen is still

abundant was included in Eg.5- 10:

B-Gly
9p=—""""17
"+ Eq5- 10
where g can be defined as the non-growth associated specific rate constant for PHB production
whereas kp and k;yp are the half saturation constant for PHB production based on glycerol and the

inhibition constant based on nitrogen.

PHB production stops when the content inside the cell reaches around 80% of total biomass. Product
inhibition has been reported in the literature as the phenomenon causing the cessation of polymer
formation (Raje & Srivastava 1998). An inhibitory term that reduces the growth rate by a factor less
than 1 if PHB is present was introduced to describe what is believed to be the regulatory mechanism

used by the cells.

B - Gly PHB™

= N2'< _PHB"+k> -
Gly +Iep + 72— a Eq.5-11

where the integer exponent n would be the equivalent to a Hill coefficient and k,; the apparent

dissociation constant (Pérez Rivero et al., 2016).

Glycerol is consumed for product formation but also for the synthesis of nucleic acids and other
cellular compounds via gluconeogenesis. Acetate, malate, formate or glucose are some of the
intermediate metabolites that can be released when glycerol is used in the gluconeogenesis pathway
(Tanadchangsaeng & Yu 2012). However, no significant concentrations of organic acids were

detected in the experiments conducted with glycerol concentrations below 40 g/l. If high glycerol
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concentrations were to be used, other products (organic acids) might have to be accounted for (e.g.
malic, acetic acid). In any case, it is been shown in section Studies on the influence of glycerol
concentration on PHB productionthat high glycerol concentrations are outside of desirable range of
conditions for PHB production. Hence, glycerol consumption rate can be related simply and directly to

the rate of cell production and product formation through the yields of associated biomass, YxA/Gl :
y

and PHB based on glycerol, YPHB/Gly:

1
oo™ YxA/Gly et YPHB/Gly ¢ Fas-12

Nitrogen, on the other hand, is considered to be used only for growth of associated biomass. Its

consumption is described by Eq.5- 13:

T Yy P Eq.5- 13

where Yx, /n is the yield of associated biomass based on nitrogen.

Using this preliminary formulation, the model could be tested against tailored experimental data.
Based on the differences between model predictions and experimental outcomes, the model could then
be readjusted to cover a wider range of experimental conditions for a set of fixed kinetic constants.
Simulations of the experimental system serve to identify optimal initial conditions, including the often
sought C/N ratio. Other variables such as fermentation time could also be assessed with the assistance

of the model. Thus, the model was tested and further developed as described in the next chapter.
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Testing and developing the model for different modes of operation

6.1 Introduction

Fermentations are routinely conducted in small scale flasks for research purposes. However, industrial
fermentation is carried out at a much larger scale and frequently involves intense mixing and forced
aeration. The cultivation conditions can be thus quite different and hence so too the dynamics. This

might lead to the need for different models to represent each scale.

In this chapter, attempts to use the preliminary model, developed for flask systems, presented in
chapter 5 to predict the outcome of tailored experiments are reported. The first objective of this work
was to obtain meaningful values for the kinetic constants. These were tested under different conditions
and differences between predictions and empirical results were used to modify the model formulation
and associated constants to make it a more robust representation of the real system. The next stage was
to evaluate whether bioreactor performance is any different from flask fermentations with the
objective of finally developing a model that can guide the bioreactor design.

6.2 Shake flask fermentation

6.2.1 Determination of kinetic constants

A single experiment to provide definitive data used to estimate the model parameters was performed
using 20 g/l glycerol and 1 g/l ammonium sulphate. To do this, a stochastic optimization based on a
Simulated Annealing (SA) algorithm coupled with a deterministic method that uses the ‘fmincon’
function in MATLAB was employed. The objective function for the optimisation was the minimum
sum of squared errors between predicted and experimental values of the four state variables:
associated biomass, PHB, glycerol and nitrogen. The addition of associated biomass and PHB

concentration constitutes the total biomass concentration plotted in Figure 6-1.

The curves generated using the preliminary model for fermentation conducted with 20 g/l glycerol and
1 g/l ammonium sulphate appear to follow the data well and succed in predicting the dynamics and
final values of substrates and products. The model, shown in Table 6-1 was tested for different initial
concentrations, glycerol and ammonium sulphate, in order to investigate if the predictions would still

be acceptable within the normal range of operational conditions.
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Figure 6-1: Predictions obtained from the preliminary model (lines) and experimental data (symbols) for a
fermentation conducted with 20 g/l glycerol and 1 g/l ammonium sulphate by C. necator in shake flask.

Table 6-1: Equations and computed parameter values for the preliminary model for shake flask fermentation.

Um = 0.25 71
ky =0.04 g/1
) ) dx, Um N 1 Gly
Associated biomass growth rate v Uy, ™ Xg = k N N el X4 k;y =0.08 g/l
t vEN Gly-(1+—y)+ka
kin kig ki = 70.0 g/!
ke =0.18g/l
B =0.125h"1
P _ BGly PHB" kp=2.0g/1
PHB production rate qa M HaT Glv+ ko4 N ( " PHB" + kd) %4 kinp = 0.0005(g/1)?
Y ket I
kqs=9
Gl l ti t dGly 1 1 YxA/Gly =03759/9
ycerol consumption rate -——= “lx, | xa
dt YxA/czy YPHB/Gly YPHB/Gly =0.49/g
dN 1
Nitrogen consumption rate T W THxy " Xa YxA/N =6.79/9
N
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6.2.2 Model limitations

Fermentation at higher glycerol concentration (30 g/l) and different ammonium sulphate concentration
(1, 2, 3 g/l) were simulated and then compared to the experimental results achieved for such
conditions. Model prediction together experimental data are presented in Figure 6-2, Figure 6-3 and
Figure 6-4.
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Figure 6-2: Predictions obtained from the preliminary model (lines) and experimental data (symbols) for a
fermentation conducted with 30 g/l glycerol and 1 g/l ammonium sulphate by C. necator in shake flask.

The predictions obtained when the carbon source was increased (and the nitrogen concentration kept
constant) are able to forecast the product concentrations by the end of fermentation, although
discrepancies between the shape of the curve for PHB and the measurements can be noted. The simple
stoichiometric basis for the model means that the under-prediction of PHB production by the model,

from 30 to 90 h, is matched by an under-prediction of glycerol consumption.

For higher nitrogen concentrations, the model presented so far gives a poor description of the
fermentation outcomes; see Figure 6-3 and Figure 6-4. PHB production would not stop during the first
120 h of fermentation according to the model, while the PHB measurement indicated that PHB
reached a maximum at 46 h and started to decline after that. As result, the total biomass prediction is
also very different from the experimental data for the latest hours of fermentation. Glycerol data fell
below the model curve, which implies that more glycerol was consumed than is needed for PHB
production.
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Figure 6-3: Predictions obtained from the preliminary model (lines) and experimental data (symbols) for a
fermentation conducted with 30 g/l glycerol and 2 g/l ammonium sulphate by C. necator in shake flask.

In Figure 6-4 (3 g/l ammonium sulphate), both PHB and associated biomass are over-predicted. The

yields of PHB and x, are, under these circumstances, much lower than expected.
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Figure 6-4: Predictions obtained from the preliminary model (lines) and experimental data (symbols) for a
fermentation conducted with 30 g/l glycerol and 3 g/l ammonium sulphate by C. necator in shake flask.
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6.2.3 Introducing the carrying capacity concept

The simulation over-predicts PHB production at higher initial nitrogen concentrations, since the
theoretical PHB production does not stop until the carbon source is depleted. However, it is clear that
in reality, other components, not accounted for in the model can become exhausted and therefore limit

production.

PHB production rate is proportional to the amount of associated biomass and, hence, the amount of
PHB that can be formed is limited by the amount of cells. Several studies in the literature have
suggested a self-inhibition mechanism that affects growth rate and this has been included in their
equations for describing cell growth rate with different formulations, e.g. a cell density inhibition
coefficient (Tsoularis & Wallace 2002; Mozumder et al., 2014). However, these models in addition to
the preliminary model presented earlier, still neglect the effects of PHB on cellular growth. It is only
when growth and PHB production are expressed as functions of both compounds that a regulatory
effect appears. This can be taken into account through the addition of a term with both variables
included, which provides a factor between 0 and 1 to reduce the rates of both growth and PHB
formation, as shown in Table 6-2.

Table 6-2: Equations and computed parameter values for the reformulated model for shake flask fermentation.

Um =0.35h71
ky =0.01 g/l
dxs _ N 1 Gly v (1 _%*atPHB ki = 0.27 g/l
Associated biomass growth rate d kv + N N Gl |1 K
t N 1+m Gly(l-f—FZ)'f'kG x lezlosg/l
ks =86.31g/1
K, =8g/l
B=0.14p"1
dPHB B - Gly x, + PHB
PHB production rate FT N2z K4l ( - K ) kp =0.01g/1
Gly + kp + - x (g)z
INP
kinp = 0.001 (=
l
civcerol som rat dGly 1 L1 %+ PHB Yy, = 035919
ycerol consumption rate -—= . | ( - )
dt YXA/Gly A YPHB/Gly K, YPHB/Gly =029g/g
dN 1
Nitrogen consumption rate Tdr W "y, Xa YXA/N =6.00g/g
N

In this closed system, where nutrients are limited, cell growth and PHB formation compete for some of
the same elements. Thus, both affect the rate at which the other occurs, creating a trade-off between
cell proliferation and PHB formation. It is worth noting that no other inhibition term needs to be added
to the differential equation for PHB, since its own concentration slows down the production rate. The
extent to which this occurs is governed by a property of the system that can be defined as its carrying

capacity, K,.
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Ky is the upper threshold on growth size for a specific system under certain environmental conditions
(Tsoularis & Wallace 2002). In this case, it is a function of the initial composition in the fermenter
including inoculum concentration and operational factors such as agitation, which in turn influence
dissolved oxygen. The carrying capacity represents the maximum biomass concentration that can be
reached. The function of the term added to the differential equations of growth and PHB formation is
to reduce the production rate as the system gets close to that upper bound. Although this parameter can
be obtained from a given set of data, work needs to be done in order to estimate K, even when no
experimental values are available, i.e. before conducting any fermentation.

The final model is formed by the four differential equations corresponding to associated cell matter,
PHB, glycerol and ammonium sulphate (see Table 6-2) containing 12 parameters, one less than in the
previous version of the model. As previously described, the model parameters were estimated using
experimental data corresponding to a representative fermentation conducted with 20 g/l glycerol and 1
g/l ammonium sulphate. Parameter values, estimated using the same methodology described earlier

and, once obtained, they were treated as fixed constants for the C. necator-glycerol system.

The updated model is able to describe qualitative and quantitative biomass production and PHB
formation, which indicates that an accurate distinction between cell biomass and intracellular product
has been accomplished. The substrate consumptions can also be predicted throughout the fermentation
with little deviation from the experimental data as seen in Figure 6-5. It is important to note that the

guality of the model predictions has been improved without increasing the degrees of freedom, i.e.
number of parameters.
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Figure 6-5: Predictions obtained from the updated model (lines) and experimental data (symbols) for a fermentation
conducted with 20 g/l glycerol and 1 g/l ammonium sulphate by C. necator in shake flask.
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6.2.4 Model evaluation

To tests the robustness of the model and the applicability of the constants listed in Table 6-2,
simulations of fermentations carried out with different amounts of carbon and nitrogen were run, in the
same way as previously. Results are contrasted to experimental data and presented in Figure 6-5 and

Figure 6-6. By introducing the carrying capacity in the model formulation, it appears that more
realistic yields for PHB and associated biomass are obtained.
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Figure 6-6: PHB and total biomass experimental data (symbols) along with predictions (lines) obtained with the
updated model for glycerol fermentations by C. necator in shake flaks and for different conditions: (a) 20 g/l glycerol,
1 g/l ammonium sulphate; (b) 30 g/l glycerol, 2 g/ ammonium sulphate; (c) 30 g/l glycerol, 3 g/l ammonium sulphate.

Whenever glycerol is increased and nitrogen keep constant, an increase in PHB production is seen,
both in theoretical and empirical results. Associated biomass remains constant as it is mainly governed

by the nitrogen source. On the other hand, as the supply of nitrogen is increased but glycerol is

maintained constant, associated biomass rises to a maximum level of 3 g/l (inhibition) and PHB
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concentration suffers a significant decrease to 3.8 g/l; the difference between this and the model
prediction (4.15 g/1) is less than 10%. Through this formulation, production may stop, even if where
there is still glycerol present in the medium, so the production curves tend to reach a constant value
and concentration does not keep increasing as was the case in the preliminary version of the model.
PHB degradation seemed to happen for fermentations conducted with 30 g/l glycerol and 2 g/l
ammonium sulphate. This may have been because the glycerol was rapidly consumed for the

production of the PHB and associated biomass.

The blue bar in Figure 6-7 represents total biomass and reaches its maximum concentration (K,) when
using between 2 and 4 g/ ammonium sulphate according to the updated model. PHB decreases as
nitrogen increases as expected (except from very low nitrogen concentration when the low growth and
resulting low x, can justify the low production). Final associated biomass concentration, on the other
hand, increases as more nitrogen is present until the inhibitory effect becomes important (> 4 g/l

ammonium sulphate).
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Figure 6-7: Values at 120 hours of associated biomass, PHB and total biomass according to the model simulations for
shake flask glycerol fermentation by C. necator under different nitrogen concentrations and 30 g/l glycerol.

The kinetic constants shown previously are applicable to PHB formation by C. necator when using
glycerol as sole carbon source and ammonium sulphate as nitrogen source. They were maintained
constant for all the simulations performed to test the model performance and degree of fulfillment

under different conditions where the biopolymer can be synthesized. The maximum specific growth
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rate reported is higher than the one observed from experimental data due to the fact that the model
involves double substrate expression with inhibition terms, but it is actually close to the maximum
growth rate for C. necator reported in literature, 0.33 h” (Grousseau et al., 2013). The inhibition
constants, k ;y and k ;¢ reflect the maximum concentrations that can be used before those compounds
become inhibitory. The values of the constants used in the expression for PHB production could be
subject to small changes in cases where PHB production associated with growth is not negligible. In
this case, PHB accumulation started when nitrogen was almost depleted, which explains the low value
of kp. The carrying capacity, matches the overall concentration obtained experimentally but it is
recognized that it may change with bioreactor type and conditions. It is possible to predict the steady
state concentration of associated biomass using the given yield of x, based on nitrogen. However,
nitrogen consumption occurs faster than the model predicts, suggesting that this nutrient is used for

purposes other than just growth, e.g. cell maintenance.

Since the calculation of constants is based on just one experiment, it is important to start with a
sensible range for the constants (based on experience), otherwise, values such as those for inhibitory
terms would not be significant if obtained in conditions where no inhibition occurs. In this way, these
values can be subject to improvement, if more data are available or better ranges for the kinetic
constants are predefined. Those are practical values that work on the model under the conditions that
have been tested but they may not be the true values. The more data available, the more they can

refined to approach the true values.
6.2.5 Exploring the behavior of the system through model-based simulations

The model was also used predictively in order to evaluate the effect of carbon and nitrogen over a
wider range of situations than those which could be practically conducted. Maximum product
concentration and specific growth rate were two of the variables considered as having a critical impact
on the fermentation feasibility. Figure 6-8 shows the maximum concentration of PHB that can be
achieved (in the laboratory system) as a function of the two main media components. It is easy to
identify those combinations of concentration which promote a higher production and those that do the
opposite. The proposed competition effect becomes clear when looking at that region of very high
nitrogen concentration. Also, it is important to emphasize that excess glycerol above 60 g/l does not
lead to higher PHB accumulation and should be avoided in order not to have unused substrate
remaining or undesirable secondary products. The same ratio of carbon to nitrogen can be achieved
with numerous combinations and hence, the impact on fermentation outcomes may be expected to

differ with different combinations. The effect of carbon and nitrogen are not linearly related.
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Figure 6-8: Contour plot of the maximum PHB concentration achievable as a function of the initial nitrogen and
carbon concentrations, predicted using the updated model.

Specific growth rate is a key factor to ensure good productivities in batch fermenters but also of
utmost importance in continuous fermentations where it determines the maximum dilution rate
(minimum residence time) that can be used without risking biomass wash-out. The heterologous
substrate concept assumes that growth rate can be affected simultaneously by more than one substrate,
exactly as happens for this system (Okpokwasili & Nweke 2005) and thus the interest in studying
them simultaneously. The initial conditions that should be used to ensure a high specific growth rate or
those substrate and nutrient concentrations to be maintained in the reactor in a flow system can be

readily predicted through Figure 6-8 plots, such as the one shown in Figure 6-9.
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Figure 6-9: Contour plot of predicted specific growth rate for C. necator as a function of the nitrogen and carbon
concentrations in the fermentation broth.

138



Testing and developing the model for different modes of operation

The model can also be used to asses other type of optimization problems, for example, to evaluate
suitable end times for a batch fermentation. For this, it is necessary to first specify the criteria to define
a suitable end point, e.g. maximum product concentration, maximum productivity, maximum
consumptions of substrate. As shown in Figure 6-10, PHB production rate is slow during the very
early stages of fermentation but it quickly rises following a sigmoidal trend, so that, the increase in
PHB concentration is small towards the end. Thereby, after a certain period of time, a very small
increase in PHB concentration is achieved at the expenses of continued operation. The product
concentration over time (productivity) reaches its maximum when PHB concentration is only half of
the value at the end of the fermentation (see dotted line in Figure 6-10). However, the product of
productivity and concentration shows a maximum much closer to the final achievable PHB
concentration and might therefore be a more sensible indicator of when to stop the process (see dashed
line).
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Figure 6-10: Simulations of PHB production during glycerol fermentation by C. necator started with x,=0.15 g/I,
AS=0,25 g/I, Gly=30 g/!.
Optimization of the system’s performance can be attempted by maximizing different functions. The
results for maximum PHB concentration and maximum total biomass concentration (TB) are
summarized in Table 6-3. The different initial conditions reflect the trade between growth and PHB

production when higher concentrations of nitrogen are present. This can be seen in the 3D Figure 6-8.

Table 6-3: Optimization results performed at different objective functions: maximization of PHB and total biomass.

Variable (g/l) Max PHB Max TB
No 0.17 0.40
Gly 28.00 33.62
PHB 6.60 5.44
Xa 1.16 2.55
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The above analysis helps us with the design of a batch bioreactor system but ultimately, the model
could be used for control purposes, i.e., to compare measured and predicted values and adapt
conditions accordingly. As an example, if glycerol concentration, based on a measurement, was
predicted by the model to be depleted in 5 hours, an addition of it could be planned within that

timeframe. This in an example of predictive control as illustrated in Figure 6-11:

Manipulative
input variables [ ;
P A Industrial )
Non-manipulative process r

input variables

X0 v

Predictive
model

x(k+1)

Optimisation

Figure 6-11: Schematic representation of model predictive control applied to a generic industrial process.

To realize such a predictive control application of the model, it must first be tested in a bioreactor
where control systems could potentially be implemented. The next section presents the computational
and experimental studies performed in a bioreactor, aimed at improving performance metrics (PHB

concentration and/or productivity) and also investigating mode of operation.

6.3 Bioreactor studies

The potential applications of this type of modelling have been shown in flask studies. However,
bioreactors provide a very different environment from flasks and also potentially enable different
modes of operation and control systems to be tested. The differences between fermentations conducted
in flasks and bioreactors are therefore considered below in order to refine the model and also to
identify those aspects that have a major impact on the fermentation. To investigate the extent of the
differences between the two systems, an experiment that could be comparable to those conducted in
flask was carried out in a bioreactor. The fermentation profiles are shown in Figure 6-12. Conditions,
within the optimal range, determined for shake flasks where tested in a 2 | bench-top reactor, where

aeration gas was added through a diffuser.
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Figure 6-12: Model results from the bioreactor model (lines) and experimental data (symbols) for a batch glycerol

fermentation by C. necator conducted in bench-top reactor. Experimental results served to estimate the model
parameters.

Significantly higher total biomass was achieved in this case when compared to data previously
presented. Total biomass, of which 70 % was PHB, reached more than 12 g/l by the 100" hour of
fermentation. Although the shapes of the curves for substrate and product concentrations were
reasonably similar (e.g. growth entered a stationary phase when nitrogen had been depleted and the
PHB curve started to flatten as glycerol was almost exhausted), in order for the model to fit
reasonably, the carrying capacity calculated for the flask experiment (8 g/I) would clearly need to be
different. The higher total biomass achieved in the bioreactor suggests a higher value of K,

The carrying capacity constant has been removed from the modified version of the model and another
constant, with an easier determination value, was introduced in the differential equation for PHB. P™
represents the maximum content that total biomass can accumulate and relates to the fact that PHB
synthesis can be inhibited by increasing intracellular mass fraction of PHB (steric disturbing effect).
By doing so, a term that regulates PHB productions, as the Hill coefficients used in the preliminary
model, has been introduced and reduces degrees of freedom (n and ky were previously necessary) and
brings more realistic physical meaning. All the rest, remains the same, see Table 6-4. Kinetic constants

were calculates as explained in section 6.2.1 with the experimental results shown in Figure 6-12.

141



Chapter 6

Table 6-4: Equations and computed parameter values for the model adapted to fermentations conducted in
bioreactor.

Um = 0.35h71
dx,  umN 1 Gly ky=02g/!
Associated biomass growth rate At ky + N 1 +i .Gly- (1 N G_ly) Tk, " Xa kv =0.7g/1
fon fie kig = 40 g/1
kg =10 g/l
B =0.15h"
dPHB [ -Gly . PHB kp =0.10 g/l
PHB production rate dr NZ Xar ( ~ (x, + PHB) - Pmax) 2
Gly + kp +7— A _ 9
y+kptp— ke = 0.001(7)
pmar = 0.9
, dGly 1 1 Yy, = 0-359/9
Glycerol consumption rate a7y Ty, T Y Uy | X4
Aty PHB/ 1y YPHB/Gly =040g/g
dN 1
Nitrogen consumption rate T W “Hxy " Xa YXA/N =75 g/g
N

6.3.1 Sensitivity analysis

A sensitivity analysis was performed in order to investigate which kinetic parameters had a greater
influence on an objective function. The chosen function was the sum of squared differences between
predicted and experimental values for a set of experiments. Each parameter was varied by a 5% of its
initial value while the other parameters remained constant and the objective function was then
calculated. The evaluation of the degree of change was represented as the relative sensitivity, which is

the % of increase in the objective function, and is represented in Figure 6-13.
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Figure 6-13: Sensitivity analysis on the objective function by 5% variation around the stated value for the kinetic
parameters.
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It can be seen from Figure 6-13 that the biggest impact on the function is caused by changing u,,, 8

and P™%*_ Also, altering the values of ky k;y, kjg, and Yxu /y induced to an increase in the function

between 2.5 and 3.5%. Very small changes are observed when varying kg, kp, kjyp, Yxa /el and
y

VPHB

6.3.2 Studies on the mode of operation

Ammonium sulphate and glycerol are inhibitory compounds for growth and PHB formation when
exceeding certain concentrations. Also, as seen in Chapter 5, nutrients can be ‘wasted’ when
converted to products different to those of interest. Fed-batch configuration can overcome these
problems by supplying the nutrients over the course of the fermentation, at appropriate times. For
example a pulse of nutrients can be added when initial nutrients have been exhausted and this can be
repeated several or many times. Alternatively, a continuous feed can be started at a strategic time and
maintained at either a constant rate or other, variable rate, as appropriate. Combinations can also be
envisaged, where nutrients are supplied separately and in the manner most appropriate to each.

Clearly, there are many options for operation in fed-batch mode. Several such fed-batch scenarios
have been simulated and then tested experimentally in order to evaluate how well the model could

predict different modes of operation and which had greater potential for PHB production.

The first attempt, with the objective to increase PHB production, was done by injecting both nutrients
(glycerol and ammonium sulphate) before the initial glycerol had been completely consumed. The
addition of glycerol was targeted to provide a non-limiting source of carbon that would allow a
continued production of PHB at high rate whereas the supply of nitrogen would, in principle, ensure

sustained residual growth (Grousseau et al., 2013).

The model predictions, represented by lines in Figure 6-14, were obtained by running the model with
the appropriate initial conditions from 0 to the time of injection. For subsequent hours, the model was
run with the final concentrations from the first part used as initial values and including the addition of
nutrients in the respective variables. As observed from the figure, the simulations show an increase in
PHB and associated biomass starting just after the injection. As a result, total biomass underwent a
significant increase with respect to the batch phase. The glycerol provided at the moment of injection
was rapidly consumed according to the model, and determined the moment PHB and total biomass
entered stationary phase. Nitrogen seemed to be rapidly assimilated given the short transition phase

between the x, levels before and after the injection.
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Figure 6-14: Model predictions (lines) and experimental results (symbols) for a glycerol fermentation by C. necator in
which a pulse of nutrients was added just prior to the 100th hour of culture in bioreactor.

Compared to the simulations, the experimental results, represented as data points in Figure 6-14,
showed a good similarity for glycerol consumption, albeit after an apparent adaptation period. PHB
and total biomass concentration, on the other hand, decreased shortly after the injection. The reason for
this decrease is uncertain; dilution effects have been accounted for in the data treatment and were not
the cause. It is more likely that the optical density conversion into concentration measurements (total
biomass and PHB, which is calculated as a percentage of the first) is unreliable during the sudden
changes associated with the injection. Changes in the media composition and/or chemical reactions
between components may result in changes to the turbidity, and thereby to misleading values on
conversion to concentration.

After the slight decrease, PHB resumed production and although the data points all fall below the model
line, the experimental overall increase in PHB after injection (2.9 g/lI) was not far from the predicted
increase (3.1 g/l). Associated biomass concentration increased after the injection but it oscillated and
always stayed below predicted values after the disturbance. The fact that cellular death might have
occurred could explain that the addition of nitrogen did not lead to a population increase as would be
expected. Total biomass, the sum of PHB and associated biomass, which were both overpredicted, was
indeed much lower than what had been simulated and did not reach a constant value as the model
suggested. The reason behind this could be that glycerol consumption was not as prompt as anticipated.
Hence, there is residual glycerol until almost 130 h. In other words, it would take more time for the
concentration to reach stationary state than 120 h, which was the time when lines become horizontal in the
figure.

A very late injection may not result in the benefits foreseen if nutrients become scarce before the injection

occurs; in practice, some irreversible deterioration may have already occurred in the culture. The history
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of the fermentation and its consequences on the physiological condition of cells is not considered in the
model. In any case, time of injection is clearly an important parameter in the fed-batch system and further
simulation studies were conducted in order to investigate its impact and determine a suitable value. As
previously described, fermentations conducted with an injection of nutrients were simulated with the only

difference being that the injections were made at different times. Results are shown in Figure 6-15:
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Figure 6-15: Simulations of glycerol fermentations by C. necator in which an injection of glycerol was done at
different times.

As observed in the graph, the lowest productivities correspond to the fermentations in which the
injections were made earliest. These early injections (20, 30 h) might have led to glycerol
accumulation exceeding the inhibitory concentration, i.e., a concentration that negatively affected
specific growth rate. Injection at 40 and 50 h reached similar high values of productivity. However,
from 50 to 110 h, the area below the 40 h line shows that 11.22 g of PHB were produced per litre of
reactor compared to 10.07 g PHB for the 50 h line. Thereby, for a fermentation conducted under the

same conditions as those simulated, the optimal injection time was 40 h.

In terms of composition, the effect of injecting nitrogen together with glycerol was also evaluated as a
means of generating high density cultures. Two different flow rates and a single injection for the
feeding of nitrogen were compared. The amount of nitrogen provided through the injection was
calculated to be the same as that supplied in the simulation with one of the steady feeding regimes

(including also the initial nitrogen). The predicted fermentation profiles are shown in Figure 6-16:
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Figure 6-16: Simulations of glycerol fermentations by C. necator conducted with different feeding strategies for the

nitrogen: (a) nitrogen feeding at a flow rate of 0.0025 I/h; (b) nitrogen feeding at a flow rate of 0.001 I/h; (c) single
pulse of nitrogen.

For the flow rate of 0.0025 I/h (Figure 6-14 a), nitrogen was predicted to accumulate, blocking the
synthesis of PHB. With the lower flow rate, 0.001 I/h (Figure 6-14 b), the accumulation of nitrogen
was less significant and PHB was produced. However, comparing the fermentation for the lower flow
rate with that of the injection, it can be observed that more associated biomass could be produced in
the first case, and this resulted in less PHB synthesized for the limited amount of carbon available.
Although it looks like the injection has no effect on the rest of variables, without it less associated
biomass and lower specific growth rate during a certain period of time would result. Figure 6-17
shows the summarized results. It is apparent that either a very low flow rate of nitrogen or the injection
would be the most

146



Testing and developing the model for different modes of operation

sensible methods for supplying additional nitrogen. Of these two, an injection is the most practical
way to do it in the laboratory.

m Associated biomass
12 1 = PHB

10 +

Concentration (g/l)
(o]

0.0251/n 0.001 I/h Injection

Figure 6-17: Summary of results obtained from fermentations simulated with different feeding strategies for the
supply of nitrogen.

Based on the last two sets of results, a fermentation with an addition of glycerol at an appropriate time,
along with injections of nitrogen, should improve product concentration. In order to test this, a
fermentation with a pulse of ammonium sulphate during exponential growth phase and a pulse of
glycerol plus ammonium sulphate before the 50" hour was simulated. A second pulse of glycerol was
planned once the carbon had been totally consumed. A bioreactor with all these features was then
conducted in the laboratory. The results of this fermentation are shown as data points superimposed on
the simulations in Figure 6-17.

Based on the predictions shown in Figure 6-18, higher PHB production and total biomass can be
achieved through this configuration compared to any other previous case presented. The higher
availability of nitrogen enhanced higher associated biomass, which in turn influenced production. A
continued growth was obtained throughout the first 50 hours and the addition of nitrogen at that time
induced a second and shorter stage of growth. The two injections of carbon source extended PHB
production until the 125" hour. Nonetheless, the slope of the PHB curve was not as steep as it was for
the first forty hours. As glycerol was predicted to be totally consumed before the injection, there was a
time region where production stopped and was not resumed until more glycerol was supplied. The
whole amount of glycerol provided at the second injection was forecast to be consumed and yielded a

PHB content of 77%.
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Figure 6-18: Model predictions (lines) and experimental results (symbols) for a glycerol fermentation by C. necator in
which pulses of nutrients were done during fermentation. Fermentation was started with 33 g/l glycerol and 0.68 g N.

In line with the simulation, the experimental results show sustained growth (albeit with some minor
oscillations) throughout the fermentation reaching a maximum of 9 g/l of associated biomass by the
94"™ hour. PHB production occurred almost uninterruptedly during the culture with two notable rogue
points at 70 and 94 hours. These could just be an indicator of the inaccuracy of practical measurements
or might indicate an oscillatory nature of PHB production followed by consumption. Overall, total
biomass was very close, if not exceeding, 30 g/l, which is more than three times the maximum
concentration obtained in a flask culture. Glycerol results followed nicely the model prediction for the
batch period, and seemed to agree for the period in between glycerol injections. However, after the
second addition, measurements drifted away from the model results. Interestingly, PHB concentration
was exactly what should be based on the model, even though the “required” glycerol had not being
consumed. It is useful to know whether beyond this time, PHB production would continue or the cells
would start to degrade the PHB, so the fermentation was continued and the results are presented in
Figure 6-19. For a better understanding of potential PHB degradation, the extension beyond 100 hours
was conducted with several further additions of nitrogen but no more carbon. No simulations are

shown alongside the results since degradation is a phenomenon not included in the current model.
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Figure 6-19: Experimental results for a glycerol fermentation by C. necator in which pulses of nutrients were done

during fermentation. PHB degradation was induced after the 100™ hour by the addition of nitrogen. Results within
this period are inside the box.

It is apparent that total biomass and PHB concentration decreased significantly within the framed
region, while associated biomass concentration seemed to stay rather stable. The nitrogen provided
during the extended fermentation was taken up by the cells, which can be induced by the drop in pH
during that time. It appears that PHB degradation occurred despite there being significant amounts of
glycerol in the medium. It also appears that this PHB degradation occurs at a constant rate and is hence

proportional to the amount of associated biomass, i.e. the number of cells.

The above results show the effects of successive injections of nutrients, but the same total addition
could have been achieved by continuously feeding fresh medium. It was therefore decided to simulate
and test continuous feeding that would provide the same amount of nutrients as in the case with
multiple injections. In order to simulate this, the flow terms needed to be incorporated to the mass

balance equations as indicated in Table 6-5:
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Table 6-5: Equations and computed parameter values for the model adapted to fed-batch operation.

Um = 0.35h71
B N1 Gly N ky =02 g/l
Associated biomass growth rate dt ~ ky+N 14 N Gly - (1 n Gly) K XR ki =0.7g/1
T . G
kIN kIG kIG =40 g/l
kg =10 g/L
B =0.15h"
dPHB B Gly PHB b piE kp = 0.10 g/l
PHB production rate dt Glv + N2z A ( " (xz + PHB) - pmax) - G\ 2
ytke g — kyyp = 0.001 (7)
pmax = 0.9
, dGly 1 1 Yxay, = 0359/9
Glycerol consumption rate —x —\7 ey T Wy | x4 + D - (Gly; — Gly)
ety PHB/ 1y YPHB/Gly =040g9/g
dN 1
Nitrogen consumption rate NPT m “Uxy Xg+ DN Y =75 9/9
N
av _
Variable volume dt F
_ F
Dilution rate b=y

Once a suitable configuration was determined through model simulations, it was implemented in the
bioreactor. Figure 6-20 illustrates the feeding strategy along with the simulation results. Superimposed
on those, the empirical results are shown as data points. Simulations show smooth growth that
continued for a few hours after the feeding began, before the associated biomass reached a constant
value. PHB production was less significant than growth for the first hours of fermentation and entered
an exponential-type-phase after 30 hours of culture. Production progressively slowed down once the

feeding was over and PHB concentration reached a plateau concurrent with glycerol depletion.

In practice (see data points), total biomass exhibited a steady growth which ended up with more than
35 g/l. Actually, the total biomass exceeded the prediction but reached its maximum value around the
time predicted by the simulation. Regarding glycerol, its concentration decreased in the first hours of

fermentation, increased during the feeding stage and decreased again afterwards, as predicted.
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Figure 6-20: Model predictions (lines) and experimental results (symbols) for a glycerol fermentation by C. necator
with continuous feeding of nutrients.

Model predictions were a good indicator of the fermentation profiles for biomass and glycerol during
the first 60 hours of fermentation. Beyond that, total biomass was under-predicted since the simulation
peaks at 30 g/l and then becomes constant. It is interesting to note that, during the same period,
glycerol was forecast to be completely consumed although data suggests consumption was actually
slower. The effect of the continuous feeding seemed beneficial in maintaining active metabolic rates
and the process overall seems more efficient. This could suggest that the decline in cellular activity
observed in the fermentation in which nutrients were fed through injections could be avoided through
a continuous supply of nutrients. Having said that, the PHB content, productivity and even PHB

concentration were found to be higher in the fermentation with multiple injections, see Figure 6-21:
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Figure 6-21: Comparison in terms of PHB, associated biomass and total biomass and PHB content (% of total
biomass) of three extended batches with different feeding schemes. The time in brackets on the x-axis indicates the
moment at which the measurements of concentrations were made.

Clearly, the feeding strategy affects the fermentation results obtained. When comparing the specific
growth and production rate for the fermentation performed with multiple injections to that conducted
with continuous feeding over a period of time (see Figure 6-22), it can be appreciated how the latter
method avoids the sharp changes and hence maintains better conditions between the extreme of
substrate limitation and substrate inhibition.
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Figure 6-22: Predicted fermentation rates for glycerol fermentations by C. necator conducted with different feeding
regimes. The arrows indicate the times when the injections were made (plot on the left) and the interval during which
the continuous feeding took place (plot on the right).
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6.4 Discussion

Glycerol fermentations by C. necator conducted in small flasks have shown to yield a limited amount
of biomass, composed by PHB and associated biomass. This means, for example, that vigorous growth
occurred in the early hours of fermentation, will lead to low PHB production. To account for this
competition effect between PHB and associated biomass, the carrying capacity concept was introduced
in the model formulation in the form of a constant K,. In this way, the updated model was able to
describe a wide range of situations characterized by the initial conditions for a fixed set of Kinetic
constants. Other uses for the model included the optimization of operation conditions or the evaluation
of fermentation metrics based on the carbon and nitrogen concentrations through 3D plots.

Results from fermentation conducted in bioreactor showed that higher concentrations were possible
for the same medium composition. This suggests that the better agitation and oxygen enables larger
growth and production. In order to avoid an empirical constant as K, within the model (which would
be more difficult to determine in bioreactor as they can be operated in a much wider range of
conditions), the limitation in PHB production was imposed by the increasing proportion of PHB
within biomass, i.e. PHB content, when carbon is abundant. PHB degradation was observed within
cells with high biopolymer content provided with nitrogen source. Its mechanism seems to be directly
proportional to the associated biomass, responsible for the production of the enzymes involved in

depolymerization, for a certain time period.

It is essential to design a feeding strategy to prevent overfeeding or underfeeding of substrate to the
culture. This is especially complicated when the roles of carbon and nitrogen are the induction of PHB
synthesis and growth respectively but they also are inhibitory substrates for the other phenomenon.
The model, with the range of parameters fixed for bioreactor operation, enabled the simulation of
different fed-batch regimes. Continuous feeding of nutrients seemed to be, based on simulated and
tested experiments, the best and safest configuration to enhance high dense cultures. Successive
feeding by injection would not be a practical configuration to implement at an industrial scale, where
very high volumes would have to be added during fermentation. Oxygen has already demonstrated its
importance in laboratory-based experiments and it would be crucial at a larger scale. Nonetheless, the
role of oxygen has not yet being described and requires of tailored experiments to achieve a better
understanding. Oxygen mass transfer limitations seem to set an upper bound the fermentation
performance. Oxygen transfer rate (OTR) is considered to be the most important parameter implicated
in the design, operation and scale-up of aerobic fermentation process in bioreactor, and the knowledge
of k.a, characteristic of the OTR, is essential for stablishing a mathematical model for the dynamic
simulation of a microbial fermentation process. Therefore, the mechanisms involved in the oxygen

uptake during fermentation will be the subject of the next chapter.
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Studies into the influence of aeration

7.1 Introduction and theoretical background

Oxygen is critical for growth and survival of aerobic organisms. In aerobic respiration, oxygen acts as
terminal electron acceptor for the electron-transport chain, which generates energy. Oxygen
requirements are not only are strain dependent but also vary with the type of substrate to be oxidized,

as illustrated in Table 7-1.

Table 7-1: Oxygen requirement for some bacteria and carbon substrates.

Substrate Organism Oxygen requirement (g O, -g- CDM)  Reference
Glucose E.coli 0.4 @
Methanol Pseudomonas C. 1.2 2

Octane Pseudomonas CB 1.7 3

(1) Schulze & Lipe, 1964 ; (2) Goldberg, 1976 Pseudomonas C. isolated from methanol; (3) Wodzinski &
Johnson, 1968 Pseudomonas CB isolated from pristine.

Due to its low solubility in aqueous media, oxygen is usually supplied continuously during aerobic
fermentations conducted in bioreactors. When oxygen requirements are met, maximum biomass
production can be achieved and substrates totally oxidized. On the other hand, if the dissolved oxygen
concentration (DO) in the culture broth falls below a critical level (C.y), cell metabolism may be
disturbed. As a consequence, substrates might be only partially oxidized and by-products might be
segregated to allow for the energy generation and to balance the cellular redox metabolism. Some of

these critical values are listed in Table 7-2:

Table 7-2: Critical dissolved oxygen values for certain microbial strain (Heldman 2003).

Organism T (°C) Cerit (Mg-1™)
Aspergillus oryzae 30 0.64
Azotobacter vinelandii 30 1.07
E. coli 38 0.26
E. coli 15 0.10
Penicillium chrysogenum 24 0.70
Penicillium chrysogenum 30 0.29
Pseudomonas denitrificans 30 0.29
Saccharomyces cerevisae 35 0.15
Saccharomyces cerevisae 20 0.12
Serratia marcescens 31 0.48

Variation in oxygen requirements can occur during fermentation. Specifically, for the case of PHB

synthesis by C. necator, it has been reported that optimal oxygen concentration during the growth
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phase should be higher than that during the production stage (Mozumder et al., 2016). In fact, the
limitation of oxygen can be used to trigger PHB formation as mentioned in the literature review.
Figure 7-1 shows that maximum specific growth and production rates are achieved at different

concentrations of oxygen in the medium.
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Figure 7-1: Specific biomass growth rate (RCC) and specific PHB production rate (PHB) as function of the dissolved
oxygen in the bulk medium (Mozumder et al., 2016).
In order to satisfy the oxygen demand by the cells and/or impose the desired limitations when
appropriate, it is necessary to know the rate at which oxygen is being transferred to the media and
utilized by the biomass. These two terms allow determining the dynamics of oxygen in the broth as
represented by Eq. 7- 1:

d
L _ OTR- OUR Eq.7-1
dt
where ¢; is the concentration of dissolved oxygen, OTR, the oxygen transfer rate from the gas to
the liquid and OUR the oxygen uptake rate by the cells in the liquid phase
7.1.1 Oxygen transfer rate

The nature of the oxygen mass transfer phenomena in a cellular culture can be described as follows. A
low soluble gas (O,) is transported from a gas bubble to a liquid phase containing the cells. To reach

the cytosol, the oxygen crosses several resistances as shown in Figure 7-2.
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Figure 7-2: Overview of steps in the overall transfer of oxygen from a gas bubble to the reaction site inside the
individual cell (Garcia-Ochoa & Gomez 2009).

Oxygen transfer rate is the rate at which oxygen is supplied on a volumetric basis. This is the oxygen
transferred from the gas bubble to the bulk liquid. The flux of oxygen across the boundary separating
the two phases is proportional to the driving force for mass transfer. Since oxygen is only sparingly
soluble in water, the mass transfer is assumed to be liquid phase controlled and the flux if described by
Eq. 7-2:

® =Ky (cf — ) Eq. 7-2

where K, is the overall mass transfer coefficient and c; the saturation concentration in the liquid
phase. It is generally accepted that the greatest resistance is on the liquid side, thus K; = k;. The
oxygen transfer rate is related to flux by interfacial area per unit of volume, a, is typically lumped with
the mass transfer coefficient so that OTR becomes Eq. 7- 3:

OTR =k a-(c¢f — ) Eq.7-3

The maximum OTR occurs when the liquid phase concentration is zero: such situation would occur

when all oxygen entering the bulk solution is rapidly consumed: OTR 4, = kza - cj.

There are different methods for determining the volumetric mass transfer coefficient, (k;a). These can
be classified as chemical or physical methods. Within the chemical methods, the most popular is the
sulphite oxidation technique. In this method, the oxygen uptake by the cells is mimicked by a chemical
reaction in which oxygen is the limiting substrate. As soon as it dissolves, oxygen is used in the
oxidation of sodium sulphite to sodium sulphate in the presence of Cu?* or Co*. By following the
evolution of the reaction, i.e. measuring the sulphite concentration, k_a can be determined. In this case,
the reaction rate is equivalent to the oxygen transfer rate. However, the rate of absorption is enhanced

by the chemical reaction and measured values are normally higher than the actual ones (Sikyta 1995).
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The most extensively used physical technigques are the gassing out technique and the oxygen balance
technique. Gassing out technique requires the measurement of dissolved oxygen and can be carried
out in fermentative as well as non-fermentative systems. For the former, oxygen is firstly scrubbed
from the system by sparging with nitrogen. Then the system is aerated and agitated so that the change
in dissolved oxygen concentration can be directly correlated with the OTR. When dynamic gassing out
method is carried out in a fermentation system, aeration is simply interrupted for a period of time and
resumed before DO levels fall below critical. By plotting the dissolved oxygen with time, OUR can be
determined as the slope of the first region, and once known, used to determine OTR from the slope of
the second region as illustrated in Figure 7-3. A variation of this method involves introducing a step
change in the air flow rate instead of stopping it.
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Figure 7-3: Graph of experimental data obtained during dynamic gassing-out technique for OUR and OTR
determination. Blue symbols represent the region where the air supply is off and green, where it is on.

In addition to measurements of dissolved oxygen, the oxygen balance technique also requires the

measurement of the oxygen content in the inlet and outlet gas streams so that an oxygen mass balance

under steady-state conditions (Eq. 7- 4) can be solved to determine k_a :
Fén—Fgut—V'OUR=0 Eq.7-4
2 2

where F”zl, F(‘)’z”t are the oxygen flow rates measured at the inlet and outlet of a bioreactor of volume
V.

Empirical correlations have also been developed to calculate OTR, where k;a is a function of
different variables, including intrinsic characteristics of the system, such as medium density or surface
tension, as well as operational conditions (agitation speed and gas flow rate). Table 7-3 shows some of

the existing correlations that can be found in the literature.
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Table 7-3: Correlations for the calculation of volumetric mass transfer coefficient; copied from Gill et al., (2008).

Impeller characteristics

References Vessel diameter {m) Type difdr Proposed correlation and type of fluid
This work 0.06 Rushton turbine 0.33 Air-water with ions:

kpa = 0224 (}—.—’) s
van’t Riet {1979) Various Various Various Alr—water with ions:

bra=2x10"3 (%:—)0_7“2_2
Vilaca et al. (2000) 0.21 Rushton turbine 0.4 Air—water—sulfite solution

kya = 6.76 x 103 (ﬂ-*) o6
Linek et al. (2004) 0.29 Rushton turbine 0.33 Alr—water:

ka = 0.01 (’;—'E)M’Wu;’-ﬂm
Smith et al. (1977) 0.61-1.83 Disc turbine 0.5-0.33 Alr—water:

kpa = 0.01 (’;—_'5)0'475;!2-4
Zhu et al. (2001) 0.39 Disc turbine 0.33 Alr—water:

oy 04
ka=0.031 (’;}) s

7.1.2 Oxygen uptake rate

OUR is defined as the rate at which oxygen is consumed on a volumetric basis. As already mentioned,
in bioreactor design, it is useful to know whether oxygen transfer or oxygen uptake dominates. If OTR
is found to be lower than OUR, the aeration/mixing conditions can be changed in order to increase it.
If the OTR is known, then the OUR can be determined by measuring changes in DO with time (Eq 7-
1).

Alternatively, OUR can be calculated from biomass kinetics and the corresponding respective yields

of biomass and product formation (Yy,o , Yp0):

/,t'x+ Qp EQ.7-5

OUR=m, x+
? Yoo Ypio

where m,, specific oxygen demand for maintenance and @, is the production rate.

Generally the first and third terms in the equation are negligible or ignored. Thereby, the equation is
simplified to the cell growth term; in other words, it is assumed that oxygen is only consumed for the

purposes of growth:

=
=

Eq.7-6

OUR =
Yx/O

If OUR is much smaller than OTR.x, then ¢, and ¢* are practically the same and the rate of oxygen
consumed by the cells is limited by microbial metabolism. If OUR is equal to OTR ., then ¢; =0 and

the rate of oxygen consumed by cells is limited by the supply of oxygen. This can be potentially
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overcome by increasing agitation rate, flow rate, oxygen content in the gas (enriched air) or by using

pure oxygen.

It is important to recall that, as in the case of the sulphite oxidation method, oxygen uptake rate and
oxygen transfer rate affect each other. In this way the absorption rate of oxygen in the liquid can be

enhanced due to its consumption within the cell.
7.1.3 Kinetics of specific oxygen consumption

In spite of being an essential nutrient in many fermentation systems, oxygen is not very often included
in the macroscopic description of microbial kinetics. The production of penicillin is one of the
systems where the effect of oxygen has been better studied. Oxygen limitation on growth and product
formation has been modelled through double substrate kinetics based on the Contois type model
(Bajpai & ReuB 2007; Birol et al., 2002). The same kinetic expression has also been used to describe
the conversion of glucose into gluconic acid by Aspergillus niger, a filamentous fungus (Niger et al.,
2004). More recently, double substrate Monod expressions have been adapted to express the influence

of oxygen together with other different substrates on growth rate of biofilms (Gonzo et al., 2014).

As reported in chapter 6, the larger biomass achieved in bioreactor experiments depicts the importance
of aeration for C. necator fermentation. The objective of this chapter is to describe, mathematically,
dissolved oxygen profiles as has been done for other essential nutrients in previous chapters. Oxygen
transfer and uptake rate were evaluated along the course of fermentation in order to set the basis for

modelling oxygen dynamics.

7.2 Methodology: Dynamic method

Batch fermentations were conducted in bioreactors with the same set-up as presented in section 3.2.3.
A dissolved oxygen probe allowed online measurements of the DO in the broth. Aeration was
interrupted for a short period of time at different fermentation times. The dissolved oxygen
concentration was recorded during those disturbances and until the system reached a pseudo steady
state once aeration had been resumed. By applying the gassing-out technique, OUR and OTR

determinations were possible.

As illustrated in Figure 7-3, a graphical method was used to determine OUR and OTR. When the air
supply was switched off (i.e. OTR = 0), OUR was obtained from the slope of the straight line fit to the

dissolved oxygen data points over time:

dc Eq.7-7
OUR = ——= .
dt
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As air supply was switched back on, both oxygen transfer rate and oxygen uptake rate occurred. The
OTR could be then calculated as follows:

dc, Eq.7-8

OTR = + OUR
dt

where % was obtained from the slope of the straight line fitted to the data following resumption of

aeration.

The culture medium was saturated with oxygen, prior to inoculation, in order to calibrate the oxygen
probe (100% saturation). The saturation percentages were then converted into concentration by
assuming the oxygen solubility in the medium to be 0.00754 g/l at 30°C as in water at atmospheric
pressure (Garcia-Ochoa & Gomez 2009).

7.3 Results and discussion

7.3.1 Determination of OUR by dynamic method

In order to determine OUR at various times throughout the fermentation, the gassing-out technique
was used prior to each sample withdrawal in two separate bioreactor experiments. Dissolved oxygen
measurements were obtained as percentage of saturation based on calibration measurements before
inoculation. The results for oxygen uptake rate along with experimental fermentation data for total
biomass are plotted together with predicted biomass profiles in Figure 7-4. The predictions are based
on the latest version of the model presented in chapter 6 (Table 6-4). It should be noted that this model

does not consider the availability of oxygen, assuming it a non-limiting component.

During the time region indicated by the shaded area in Figure 7-4, the low values of DO within the
bioreactor vessel (<10 % sat) prevented normal measurements of OUR by the gassing-out method. To
overcome this, DO was artificially increased to 30% saturation by increasing the agitation for a few

seconds and concentration monitored until it reached a low level again.
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Figure 7-4: Oxygen uptake rates (OUR) and experimental values for total biomass concentration (symbols) and
predicted biomass profiles (lines) for two bioreactor fermentations by C. necator with different initial glycerol
concentrations :(a) 45 g/l and (b) 30 g/l for that on the right.

The figure shows that oxygen uptake rates clearly increased over the first forty hours of fermentation.
The maximum value measured corresponded to 0.2 g 0,/I/h, which is equivalent to an specific oxygen
consumption, qo,, of 0.063 h™ based on the associated biomass predicted by the model. After that,
OUR decreased quickly and all the remaining values seemed to vary around an average of about 0.12
g 0,/1/h. It appears that this coincides with the stationary phase of the cells, suggesting that growth
related activities generated a greater oxygen demand than those activities associated with product
formation and maintenance. Results from a second experiment (see Figure 7-4b), exhibited ales
obvious but still similar trend. OUR values were higher in the early hours of fermentation (exponential
growth phase) and tended to decrease as fermentation progressed. In this case, however, oxygen
uptake rates were lower than in the previous case which may be a consequence of the difference in
initial glycerol concentration between the experiments. The slower growth rate of the first experiment
(see green line in Figure 7-4) suggests that a higher initial glycerol concentration induced concurrent
growth and production for a longer period. The combined requirements for growth and production
could result in overall higher OUR.

lenczak et al., (2011) proposed a high cell density strategy for PHB production by C. necator and
investigated the oxygen demand to achieve that. A maximum value of 25 mg O,/g cell/h was
observed at the 10™ hour of culture (when M =pHm). Specific oxygen uptake rate continually
decreased after that, reaching a value of 3 mg O,/g cell/h at the 55" hour. The trend is consistent with
data presented above but the reported values are lower than those obtained for the present study: 113.7
mg O./g cell/h and 35.5 mg O,/g cell/h in Figure 7-4a and 72.5 mg O,/g cell/h and 10.8 mg O,/g
cell/n in Figure 7-4b.
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Grunwald et al., ( 2015) obtained the specific oxygen uptake rates, in a formic acid limited continuous
culture by R. eutropha, by using the stoichiometric model developed by Grousseau et al. (2013). They
obtained a very similar value 125.4 mg/g/h to their experimental data 128.3 mg/g/h. These values,
from a chemostat culture, are higher but of a similar magnitude to those presented here for a batch
culture. In the continuous culture, it is not possible to observe separately growth and production, so the

significant switch in OUR observed in the present work has not been reported.

Considering the directly proportional increase of OUR with growth and the quick decrease to an
approximate constant value once cell concentration enters stationary phase, an equation of the
following form could potentially fit the data:

0UR=< s +m>-xA Eq.7-9
YXA/O

where Y,,,, is the biomass yielded per oxygen consumed and m, specific oxygen demand for
maintenance.

Plots generated, using this equation are shown in Figure 7-5. These satisfactorily fit the two sets of
data, but only by using different values for the parameters.
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Figure 7-5: OUR experimental values (symbols) and model predictions using Eq. 7- 9 and Y,,, =1.1g/g and
m=0.04h"" inaand ¥,,, = 1.7 g/g and m = 0.0225 h~* for b.
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7.3.2 Relationship between specific oxygen consumption and dissolved oxygen

Besides the apparent effect of the predominant cellular activity (growth, production, maintenance), it
was questioned whether the concentration of dissolved oxygen would influence the rate of oxygen
consumption. From the graphs of experimental data obtained during the dynamic gassing-out
technique, plots of the specific oxygen consumption against dissolved oxygen concentration were
generated as illustrated in Figure 7-6:
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Figure 7-6: Relationship between specific oxygen uptake and dissolved oxygen concentrations for two bioreactor
fermentations by C. necator with different initial glycerol concentrations: (a) 45 g/l and (b) 30 g/l .

By considering the variation with DO for all the measurements performed, specific oxygen uptake rate
seemed to follow a linear relationship with DO at least for low oxygen concentrations. This seems to
indicate that oxygen uptake rate depends largely on the concentration of oxygen in the bulk liquid
phase rather than on the demand for oxygen within the cell.

Eq.7-10 and Eq.7-10b, characteristic of a reaction between a substrate and an enzyme, have been used

to describe oxygen Kinetics. k, and k, represent the kinetic constants :

L Eq.7-10 ki-c Eq.7- 10b

o, = " =
02 k]_CL + k2 qOZ Cr, + kz

For both of them, the specific oxygen uptake becomes linear with oxygen concentration in the
following cases:

Eq. 7-10: k/CL << kg, qu"']/kg Cr,

Eq.7-10b: ¢ << k,, do,~ k; /k2 Cr.

This type of relationship suggests that concentration of oxygen in the medium governs the rate at

which oxygen is incorporated into the cell, possibly until a certain concentration inside the cell is
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attained. It could be that it is the intracellular concentration that regulates the kinetics of bioreactions;
in other words, increasing the dissolved oxygen in the medium (external concentration) might not

necessarily increase the metabolic reaction rate.
7.3.3 Determination of k a

In addition to the graphical method, previously described, two further strategies were implemented to
estimate k.a and to compare results between the methods. Based on the value of OUR obtained from
the graphical method (slope during oxygen depletion), the volumetric mass transfer coefficient can be
calculated as follows:

kpa = dt Eq.7-11

dcy . . . . . : :
where % is the change in oxygen concentration during absorption. The denominator in Eq. 7-11

changes as ¢; increases with time. Two values of k;a were calculated. The first one was calculated
using the minimum c; value i.e. when aeration was resumed. The second one was an average of all

the k;a values calculated.

Based on the value of OUR predicted by a simple Monod-type model fitted to the data. The difference
between this and the previous strategy is that the value of OUR instead of being assumed constant, is

calculated with respect to dissolved oxygen concentration.

dt + OURMonod
kia= - Eq. 7- 12
c*—cy
OURMonoa = do, " Xa Eq. 7- 13
do. = Amax " CL
0, — 771, | . -
2 kgt Eq.7- 14

The kinetic constants in the Monod expression were fitted for each set of data (every time k a was
determined) and x, was assumed to remain constant value during the time the gassing out was carried

out. An average value for k_a was then computed.

By assuming steady-state, i.e no change in the concentration of oxygen, the oxygen uptake rate would
equal the transfer rate. In this case, k.a can be calculated from the values once the steady state has
been reestablished after applying the gassing out technique i.e. when the values of concentration can

be assumed to be constant again.
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qOZ ' xA

kLa: .
C" — CLss

Eq. 7-15

k.a values determined by the three methods throughout the fermentation are presented in Figure 7-7.

for the two fermentation experiments already introduced.
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Figure 7-7: Evaluation of k a using various methods. Values are presented for different times, during glycerol
fermentation by C. necator, for two separate systems with different initial glycerol concentrations (a) 45 g/l and (b) 30
g/l .As can be seen, for both fermentations, most of the data fall within a broad horizontal band.

k.a values obtained varied throughout the fermentation and also with the calculation method
employed. The values that resulted from using the minimum concentration of oxygen (when aeration
was resumed) in Eq. 7-11 are effectively the lowest values overall. The highest values were obtained

from the assumption of steady state.

k.a can also be calculated from measurements conducted in the fermentation medium without cells ,
i.e., before inoculation. Then OTR in Eqg. 7- 8 equals dc/dt and by continuously measuring O2
concentration in the liquid as in the other methods, k.a is thus obtained solving the differential
equation. Thus, a plot of the In(c* —¢;)/(c* — ¢,) vs time should give a straight light, the slope of

which, corresponds to k, a, this is shown in Figure 7-8.

1 (C* _ CL)
(c* —¢,) Eq.7-16

kia=—
L t
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Figure 7-8: Plot of the In((c*-cl)/(c*-c0)) against time of aeration, the slope of which equals — k_a.

As can be seen from Figure 7-8, the value of k_a when there is no uptake of oxygen is 36 1/h which is

in the same range of values shown in Figure 7-7.

All methods presented are based on assumptions that can compromise their accuracy. Those related to
the degassing (air turn-off) technique require for the probe response time to be lower than the rate of
change. Although this is assumed to be the case in the experimental setup (fast response time for the
DO probe), more accurate determinations would take into account the sensor lag constant.
Furthermore, it is considered that the interruption has no effect on the fermentation and cells maintain
a constant uptake rate during the degassing period. However, it could be argued that, even in such a
short time, they ‘adapt’ to the restricted conditions by reducing the uptake levels (maybe they reduce
their consumption in order to preserve the oxygen). If concentration falls below a critical level,
anaerobic metabolism will occur rather than the aerobic metabolism. After aeration is returned to the
initial value, oxygen concentration usually increases and returns to values similar to the ones before
the start. As soon as the profile is reestablished, dissolved oxygen values start changing again and the
quasi steady state is disrupted, so the assumption used for calculation of k.a (i.e. true steady-state)
never really applies. Lastly, determining k.a when no cells are present gives a measurement under
artificial conditions that might substantially differ from those of the broth. On top of that, in all the
calculations, it is assumed that physical properties (solubility, viscosity, surface tension, etc.) remain
constant throughout the fermentation, even though the composition of the medium is known to vary.
For instance, it has been observed that the solubility of oxygen increased from 6.8 to 7.8 mg/l in an

aerobic bacteria fermentation (Vendruscolo et al., 2012).

As introduced in theoretical background section for the chapter, there are empirical correlations to

estimate the value of k.a in different systems. For example, Eq. 7-17 is applicable for stirred tank
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reactors containing air-water systems agitated by Rushton impeller, which was the type of impeller
used in the experimental work presented here. This correlation was used to estimate k .a and compare
the value obtained with the experimental data and thus, evaluate its applicability for the bioreactor

system described in this research.

0,47
k a = 0.04 (7") u,%° Eq. 7-17

where P, is the power exerted by the stirrer to the aerated liquid in Watts, V the volume in litre and uj
the superficial gas velocity in m/s. P was calculated from the adimesional number, Np, obtained from
Figure 7-9 , for a Re;= 26666 (curve 1). The resulting k a equals 9 1/h.
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Figure 7-9: Reynold number-power number curve for different types of impellers (Padron 2001).
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7.3.4 Variation of k a with agitation and flow rate

In order to gain a preliminary insight into the effect of other factors on volumetric mass-transfer
coefficient, agitation and flow rate were varied so that k a determinations could be made during a

certain time during fermentation. Results are shown in Figure 7-10:
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Figure 7-10: kia estimations based on the OUR values obtained by the graphical method for different operational
conditions.

Based on the results presented in Figure 7-10, increasing agitation seems to have a stronger effect
than increasing flow rate. This has been reported in literature for different systems (Oh et al., 1993).
The values from Figure 7-7 (experimental values) were compared to the values that would be

obtained using the empirical correlation (calculated values). Results are shown in Figure 7-11.
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Figure 7-11: Experimental (gassing-out) and calculated values (correlation) for different operational conditions.
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7.4 Conclusions

The level of oxygen in the fermentation broth is a parameter that, even though is not yet considered as
a substrate in the model that represents the bioreactor kinetics, has effectively demonstrated an
important role by imposing an upper bound on the fermentation performance. This chapter
considered, in greater detail, the phenomena related to the oxygen dynamics, hamely, oxygen uptake
rate and oxygen transfer rate. Although this constituted a preliminary study in the influence of

aeration, some relevant conclusion can be drawn.

The oxygen uptake rate by C. necator cells throughout fermentation varies depending on the
predominant cellular stage. This can be mathematically expressed through a yield of associated
biomass based on oxygen coupled to growth rate and a maintenance term proportional to associate
biomass concentration. The data obtained suggests that these parameters are function of some other
properties of the system, e.g. dissolved oxygen, and took different values when fitted to the two sets of
data presented. Further studies would be required to establish meaningful values for the parameters or,
if not constants, describe their variation as function of measured properties.

The oxygen requirement by C. necator is 1.3 g O,/g x4, which is within the typical range of aerobic
bacteria (Heldman & Moraru 2010) but cannot be dismissed when operating with high cell density
cultures. The fact that specific oxygen consumption can be modeled with a Monod type equation and
exhibits a linear region up to 1.5 mg/0,, implies that whenever dissolved oxygen concentration
exceeds a such concentration, oxygen is no longer a limiting nutrient (and p depends on other
substrates). With the aeration system used, (OTR), DO should just be maintained above this C.q; (1.5
mg O,/l) in order to provide the cells with the stoichiometric amount of oxygen required for growth
until associated biomass concentration stop increasing. After that, the oxygen supply could be

decreased, providing the maintenance requirements are fulfilled.

OUR cannot be studied without also considering OTR. Methods to estimate a range for the volumetric
mass coefficient were thus employed, yielding an average k a of 29 1/h. An increase of the agitation
speed is preferred over an increase of the flow rate as a means of increasing k.a. This can avoid
situations where the dissolved oxygen in the medium is zero. Empirical correlations have also been
tested and gave an estimation just at the bottom of the band obtained from experimental measurements
(9 1/n). Considering they are not developed for biological system and small vessels, the approximation

is still within the range obtained.

In terms of modeling the role of oxygen, a distinction in terms of the oxygen levels in the reactor that
yields different growth rates could be formulated. Still, to get a more realistic representation, further

studies would be required to obtain meaningful values for the parameters involved. This would be
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useful in order to define scenarios in which oxygen could become the limiting nutrient instead of
nitrogen and prevents growth, but also, to establish the minimum (optimum) amount to air require

during production.
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Conclusions and recommendations

8.1 Introduction

As introduced in the first chapter, bioprocesses are gaining importance and, eventually, the current oil-
based economy will give up terrain in favor of a bio-based economy. To favor the transition,
bioprocesses need to be sustainable and cost-effective. The so-called circular economy, where
resources are exploited to their maximum potential, falls within this framework. Taking as example
the biofuel sector, large amounts of resources are disposed as residues when they still possess potential
high value as microbial feedstock. In this way, the glycerol cogenerated with biodiesel can be a
suitable carbon source in biotechnology. Waste glycerol can be converted into numerous chemicals,
including plastics, and energy sources (e.g. hydrogen) through fermentation. The design of a
bioprocess for the synthesis of PHB from glycerol has been the case-study developed in this thesis.
PHB is well known for being a biodegradable plastic that blended with different polymers
(hydroxyvalerate, hydroxyoctanoate, lactic acid) exhibits mechanical properties comparable to
commercial petroleum plastics, e.g. polypropylene (PP). In a biochemical sense, PHB is a carbon
storage compound. In particular, C. necator cells synthesis PHB in nutrient-limited situations.
Although PHB is already being produced at industrial scale, its costs are more than three times that of

PP (1€/kg). This underlines the need for improving the efficiency of fermentation technologies.

There is an increasing number of research works that aim at integrating the experimental work
necessary for characterizing biological systems with computational studies that look at in-silico
optimization. Obtaining a macroscopic representation of the kinetics of a bioprocess can be attempted
in numerous ways. In the present thesis, an iterative methodology supported by experiments and
model predictions was implemented. In order to do so, raw batch data from bioreactor cultivation was
used to propose relationships for the production and consumption rates. The model proposal was
tested against different batch data to refine the model until good agreement between experiments and
predictions was reached. The model was then extrapolated to fed—batch cultivation by addition of
dilution terms and used to design operational strategies for experimental implementation. Within this
approach, the values of the kinetic parameters were assumed to be absolute. In other words, they were
maintained constant once the model was validated and not tuned with each new set of data. This
enabled forecasting the fermentation results before conducting the experiment or even generating the
data for conditions not tested in the lab. The ‘suck it and see’ approach, often used with biological
experiments was significantly simplified as the range of operation was defined by other means and the

hypotheses in which the model was based were continuously re-assessed.

8.2 Conclusions

The choice of PHB as the target product enabled an in-depth study of a relatively common yet not well

understood system involving intracellular products with significant mass (up to 90% of the total).
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C. necator is a wild type bacteria strain and was chosen as the PHB producer due to its ability to
accumulate PHB under nutrient limiting conditions. Like most strains, C. necator 545 is capable of
metabolising a variety of sugars but prefers glucose. Its growth on glycerol is relatively slow if
unadapted. As a consequence, glycerol cannot be used directly as fermentation feedstock without a
significant increase in the operation times or without a period of acclimatization. In order to establish
the experimental set-up on which model hypotheses could be based, an acclimatization process of the
microbial strain to the substrate was performed and is reported in chapter 4. This was planned as a
preliminary piece of work to ensure a good microbial performance on the selected substrate.
However, very important implications derived from the data analysis were found. For example, it
became clear that serial sub-cultivation in glycerol as sole carbon source, along with a nitrogen source,
is an effective way of adapting cells. A reduction of undesirable lag times and an increase in the
specific growth and uptake rate were observed as results from the adaptation process.

It was also discovered that the changes occurring during adaptation have a degree of permanence and
are maintained throughout lengthy storage periods. It is likely that either modifications in the transport
systems that enable glycerol entry into the cytosol or a switch on the enzymes produced for the
metabolism of the carbon source is the reason for this adaptation. What is certain is that the presence
of glucose alongside the glycerol delays the adaptation, but once adapted to glycerol, cells prefer it as
the substrate. Experiments with both carbon sources confirmed that the original glucose repression can
be reverted. To determine whether the main resistance for glycerol uptake is transportation through the
membrane or the activation of the metabolic regulation that targets the consumption of glycerol, it

could be useful to carry out studies on the protein expressed by adapted cells.

The number of generations was used as an indicator of the adaptation progress and it was found that
serial subcultivation should allow a minimum number of 15 generations to ensure the desirable cell
performance. A possible mechanism for the adaptation was formulated through the inclusion of an
inhibition term in the growth rate expression based on glycerol which decreased with the exposure
time of cells to glycerol. Other types of models, such as population based models or models
accounting for enzyme activities could also prove useful if the corresponding information were
available. For the purpose of testing the system's versatility and potential concerning industrial
implementation, where concentrations above 40 g/l are probable, a bio-training process of cells
adapted to 20 g/l glycerol was carried out. As glycerol was gradually increased when cells had already
acclimatized to the previous concentration, cells demonstrated the ability to grow on 100 g/l glycerol
without a significant increase in doubling time. In fact, cultures performed with initial glycerol
concentrations ranging from 30 to 100 g/l showed coincident growth curves. Without undergoing the

bio-training, growth on such high concentrations occurred more slowly.
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PHB was produced from bio-trained cells using an inexpensive culture medium. PHB was obtained as
the main fermentation product with a yield of 0.16 g/g (34% maximum theoretical yield according to
Moralejo-Garate et al., 2011). Despite the low yield, glycerol was completely consumed by the end of
the fermentation. Rapid screening of PHB was done through sudan staining on agar plates and fresh
culture samples fixed on microscope slides, whereas a more detailed representation of PHB granules
was obtained through TEM images. The quantification of PHB was done in GC-FID. This enabled the
important differentiation between PHB and associated biomass (the biomass fraction other than PHB).
It was initially thought that optical density could not be used as a direct indicator biomass
concentration because of the presence of inclusion bodies. Nevertheless, although OD changes faster
than cell dry mass for the first hours of fermentation (maybe due to larger differences in
transparency/size than in mass), an almost linear correlation was still found between the two (see
Figure 5-5). It was therefore concluded that OD values could be successfully converted to CDM to

represent biomass in this system.

A kinetic model was built using empirical knowledge and was shown to be suitable to describe the
fermentation profiles under different conditions and modes of operation. To keep the model relative
simple, several assumptions, based on observations, were made. For example, it was assumed that
growth and production were effectively separate processes governed by different variables. In fact,
growth and product formation rates always peak at different times during the fermentation. Carbon
(glycerol) was assumed to be the major contributing factor for PHB formation whereas nitrogen,
which has a key influence on the dynamics of cellular growth, was also taken into account for biomass

formation. It was also assumed that oxygen was provided in excess of the need for metabolism.

A comprehensive study of the effects of carbon and nitrogen was reported in chapter 5 with a view to
establishing the kinetics of substrate consumption and product formation. It is widely accepted that a
surplus of the carbon source over the limiting nutrient encourages PHB production. It was found in
this study that PHB production increases with initial glycerol concentration up to 40 g/l. Exceeding
this concentration led to organic acid production alongside PHB. Formic, acetic and other organic
acids were detected as fermentation by-products when very large concentrations of glycerol were used.
This causes a decrease in the pH of the media and a reduction in overall PHB yield but does not affect

the associated biomass. Very high glycerol concentrations should therefore be avoided.

Ammonium sulphate was preferred as nitrogen source because it is defined and therefore easily
quantifiable. Nitrogen was, for the systems of study presented here, the element that triggered PHB
production whenever it was reduced beyond a critical concentration (around 25 ml/l). When a nutrient
such as nitrogen is scarce, high levels of NADH or NADPH are generated. High ratios of those over
the oxidized forms, NAD and NADPH, inhibit the citrate synthase which favours the metabolic flux of

acetyl-coA to the PHB synthesis pathway. As expected, nitrogen was found to be the element that
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controls replication and maximum amount of associated biomass (limiting nutrient). Thereby, by
limiting its availability, the extent of biosynthesis can be restricted. Normally, ammonium sulphate
dropped below detectable levels within the first 30 hours of fermentation so that the culture became
nitrogen limited and carbon utilization shifted. But the effect of nitrogen was found to go beyond that.
There seems to be a minimum amount of nitrogen (or minimum amount of biomass) for PHB
production to start and also a limit to the amount of ammonium sulphate that can be used.
Concentrations exceeding 3 g/l were found to cause growth inhibition. The phenomenon could be
related to the fact that the enzyme system, responsible for assimilating ammonium, is repressed by
high concentrations of cations. The effect has been incorporated into the model as a non-competitive
inhibition term (as if some enzyme has been removed from the pool). It was also found that pH
evolution can be used to follow growth evolution in non controlled pH fermentations. A simple
differential equation was successfully incorporated into the model using a constant proportional to the
nitrogen consumption rate when pH profiles are required. Comparative studies with peptone yielded a
very similar amount of biomass to that one obtained with ammonium sulphate. The pattern of cell
growth was however different (linear) from the expected one (exponential). Other nutrient limitation,
when cell growth is based on easily assimilable organic sources, could explain the restricted

proliferation.

A basic form of the kinetic model was seen to be adequate for the description of fermentations
conducted with low nitrogen concentrations (< 2 g/l). This model includes a double substrate equation
with inhibition terms due to nitrogen and glycerol for growth and a saturation expression with nitrogen
inhibition for PHB. Nitrogen is utilised exclusively for growth while carbon is used both in growth
and product formation. It was necessary to include glycerol in the equation that depicts growth to
account for inhibition at high glycerol concentrations. Other by-products would also have to be
accounted for in the model formulation and carbon mass balances if high glycerol amounts were to be

used.

During model testing reported in chapter 6, it was found that while the preliminary form of the model
worked well for conditions of low nutrient concentrations, it could not be extrapolated successfully for
nutrient rich conditions beyond about 3 g/l ammonium sulphate (Figure 6-4). Nitrogen supply
regulates the amount of cells that can be formed but to effectively form that amount of x4, a certain
concentration of carbon is also required. The remaining carbon would be the potential precursor for
PHB. When increasing the nitrogen concentration, a greater amount of x, can be achieved but only at
the expense of consuming further glycerol, leaving a smaller fraction for PHB synthesis. However, a
simple constitutive relationship for substrates (glycerol and ammonium sulphate) and products (PHB
and associated biomass) cannot describe the experimental data. The exhaustion of other nutrients or a
poor conversion of substrates under favorable conditions for growth was therefore assumed in order to

set a threshold in the amount of total biomass (x, + PHB) that can be formed. As in the logistic model,
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the concept of a carrying capacity was introduced to describe the trade-off between having vigorous
growth or abundant PHB accumulation. The addition of this term does a good job in mapping the
interaction between ammonium sulphate and glycerol concentration and the contour maps generated
with the reformulated model are an easy way to view the conditions that favour growth and
production. By using this model, an estimation of the best harvesting time becomes possible. In order
to achieve high PHB content without unnecessarily extending the fermentation, a stopping criterion

based on the maximum value resulting from multiplying concentration and productivity was proposed.

Larger amounts of biomass were produced when fermentations were performed in bench-top
bioreactors instead of flasks. The forced aeration (sparging) vs the convective mass transfer of air in
flasks contributed to a better oxygenation of the broth, so that the maximum biomass obtainable in
flasks (carrying capacity) was easily surpassed. The model was adapted by removing the carrying
capacity but retaining the same key principles (Table 6-4). As a result of a sensitivity analysis, changes
in values of the maximum specific growth rate and the non-growth associated constant for PHB

production were found to be the most influential variables in the model.

High density cellular cultures (>30 g/l) were achieved through the successive addition of nutrients
based predictions from computational studies. The rates of supply of carbon and nitrogen are critical to
enhance PHB production. There should be sufficient, but not excess of, carbon to promote cell growth,
and a reasonable shortage, but no cessation, of nitrogen to initiate PHB synthesis and sustain the
cellular activity during the production phase. In this way, the feeding of both carbon and nitrogen was

identified as a better strategy than the simple addition of glycerol.

PHB degradation was observed in PHB-containing cells provided with nitrogen source. The rate of
degradation was found to be proportional to the number of cells. Although it is a phenomenon that
would normally be avoided in the fermenter, it could be useful to further establish the degradation

kinetics in order to forecast possible biodegradation times for PHB-made objects.

As suggested by Bailey (1986), mathematical modeling does not make sense without defining, before
making the model, what its intended use is and what problem it is intended to help to solve. Extending
this logic further, the degree of complexity of the model should be in agreement with the role it is
intended to play. A more sophisticated version of a macroscopic model would include other
(secondary) variables affecting production. In this context, in chapter 7, the role of oxygen was
preliminarily examined. Oxygen uptake rates were observed to change during the course of a
fermentation. OUR was directly proportional to growth and rapidly decreased to an approximately
constant value once cell concentration entered stationary phase. A simple increase in the agitation (and
consequently, OTR) could prevent physical limitations at the end of the exponential growth phase.

Nonetheless, it still needs to be determined if a dual limitation (nitrogen + oxygen) benefits or
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hampers PHB production. It was concluded that, provided oxygen concentration exceeded the critical
value (1.5 mg/l), there was no requirement for additional consideration in the existing equations. It is
however important to consider that for other cases (e.g. microbial growth on organic source, systems
started with larger inoculum size, etc.), oxygen could set an upper bound on the fermentation

performance and should then not be ignored in the optimization of the process operation.

In summary, the experimental data collected have been presented in a consistent way through the
formulation of mathematical equations and the resultant model is ready for other researchers to make
use of. In the case of carbon storage compounds, the selection of the operational conditions that yield
high productivities is not trivial. However, the model has demonstrated its worth in defining
operational conditions and assisting the researcher in the process design. The iterative process of
testing and further developing the model is believed to be a useful tool to reach a good understanding
of the system when compared to simply tuning parameters. As all models, it has its limitations and

some suggestions for improvements and further work are presented in the next section.

8.3 Recommendations

The limitations of the model can potentially be overcome in different ways. For example, off-gas
analysis and measurement of organic carbon in the biomass would allow to formulate more accurate
carbon balances. Other restrictions on the versatility of the model arise from neglecting endogenous
respiration or cell death/age. These could be studied systematically in microbiological experiments to

gain more insights into their influence on overall performance.

One of the main aims of fermentation modeling is “to design large-scale fermentations processes using
data obtained from small scale fermentations” (Sinclair & Cantero 1990).The system of study was
well mixed, but it is important to note that as the working scale increases, mass transfer phenomena
may start to become rate limiting. This is not only the case for oxygen, but limitation in the diffusion
of other nutrients can also occur. It is therefore important that the scaling up process goes hand in hand

with further model development.

To relate macroscopic observations to microscopic phenomena, the model developed in this thesis
could be complemented with metabolic approaches. For example, metabolites analysis could indicate
which pathways are being used under different types of stress. It should be pointed out that the design
of a bioprocess by a chemical engineer depends on the knowledge and insight of the bioprocess, in
which microbiologists, molecular biologists and biochemists are involved. Until now, microscopic
(metabolic) and macroscopic approaches have developed along separate tracks but it is desirable to
work on reducing the gap between those to a reach to a better overall understanding of the biological

process.
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The design of a bioprocess requires of many other factors not considered in this thesis but that should
be analysed next in the process development: process control, economic feasibility studies and life
cycle analysis. Adaptive control strategies could be implemented to regulate the distribution of
nutrients. Optimization functions based on costs attributed to different variables, e.g. biomass
(separation), PHB (purity), unconsumed glycerol (disposal costs) would be a practical thing to do. The
carbon dioxide released when PHB naturally degrades should be balanced with the CO, captured by
biomass (the fermentation feedstock for PHB synthesis) to ensure that the carbon footprint could be

very close to zero.

The design exercise presented here is an abstraction from reality and thus does not account for other
aspects that would be involved in the process development. Glycerol has been used in its pure form to
elaborate fundamental relationships, but crude glycerol would be the actual feedstock of a real process.
The impact of recent developments in molecular biology in the field of bioprocess engineering is
considerable. In fact, the metabolic models mentioned above aim generally at optimizing the strain and
that could lead to improved yields. Regarding the downstream operations, the extraction technigque
would need to be revised to guarantee meeting green technology practices. The properties of the PHB
obtained would require of proper characterization for establishing suitable application or blending.
Last but not least, an integrated biorefinery can be further enhanced by the bioprocessing not only of
glycerol but also of other by-products e.g. cereal cake (L6pez-Gémez et al., 2016). An example of

such biorefineries is illustrated in Figure 8-1:

Oil seed
e Methanol <<
2448 kg/h | \ll
il Crude
(1000 kg/h) Transesttirlflcatlon gl
Crude glycerol (162.9 kg/h) Biodiesel
(990 kg/h)
Rapeseed meal l
(1448 kg/h)
l Refinement —»]  Waste
Solid state l

B . Glycerol 80% (85.8 kg/h)

! !

Generic feedstock  ———————> Bacterial fermentation

!

Solid residues f¢—————  Extraction ————>»  PHB (34.32 kg/h)

Figure 8-1: Schematics of an integrated biorefinery for the co-production of biodiesel and PHB from rapeseed oil. The
mass flow rates are based on those from a small biodiesel plant.
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