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ABSTRACT

This paper reports experimental results from a new 300 kW, calcium looping pilot
plant designed to capture CO; “in situ” during the combustion of biomass in a fluidized
bed. This novel concept relies on the high reactivity of biomass as a fuel, which allows
for effective combustion around 7009C in air at atmospheric pressure. In these
conditions, CaO particles fed into the fluidized bed combustor react with the CO,
generated during biomass combustion, allowing for an effective CO, capture. A
subsequent step of regeneration of CaCOs in an oxy-fired calciner is also needed to
release a concentrated stream of CO,. This regeneration step is assumed to be
integrated in a large scale oxyfired power plant and/or a larger scale post-combustion
calcium looping system.

The combustor-carbonator is the key reactor in this novel concept, and this work
presents experimental results from a 300 kW4, pilot to test such a reactor. The pilot
involves two 12 m height interconnected circulating fluidized bed reactors. Several
series of experiments to investigate the combustor-carbonator reactor have been
carried out achieving combustion efficiencies close to 100% and CO, capture
efficiencies between 70-95% in dynamic and stationary state conditions, using wood
pellets as a fuel. Different superficial gas velocities, excess air ratios above
stoichiometric requirements, and solid circulating rates between combustor-
carbonator and combustor-calciner have been tested during the experiments. Closure
of the carbon and oxygen balances during the combustion and carbonation trials has
been successful. A simple reactor model for combustion and CO, capture in the
combustor-carbonator has been applied to aid in the interpretation of results, which
should facilitate the future scaling up of this process concept.

Keywords: Biomass combustion, CO2 capture, negative emissions, calcium looping,
BECCS.



INTRODUCTION

Calcium looping, Cal, or “carbonate looping” embraces a range of CO, capture
technologies where CaO is used as a regenerable sorbent of CO,. During the CO,
absorption step at atmospheric pressure, the carbonation reaction of CaO with CO; at
temperatures between 600-750 2C takes place. During the regeneration step,
calcination of CaCO; at temperatures above 870°C in a rich atmosphere of CO; is
achieved by oxyfuel combustion of an additional fuel in the calciner. Several recent
reviews (Blamey et al., 2010; Anthony, 2011; Abanades, 2013; Boot-Handford et al.,
2014) have highlighted the theoretical benefits of this technology that arise from the
possibility to efficiently recover the energy used for sorbent regeneration.

The Cal technology is being rapidly scaled up as a post-combustion CO, capture system
because of the similarity of the key reactors (carbonator and calciner) with those in
existing power plants using circulating fluidized bed combustors, CFBCs. The post-
combustion process scheme was early proposed by Shimizu et al. (Shimizu et al., 1999)
and further developed in the early 2000s at laboratory and bench scales in our group
(Abanades, 2002; Abanades and Alvarez, 2003; Abanades et al., 2004). This was
followed by the publication of results from several lab scale fluidized bed pilots (10s
kWy4,) involving continuous solid circulation (Alonso et al., 2010; Charitos et al., 2010;
Charitos et al., 2011; Rodriguez et al., 2011a). More recently, steady state results have
been reported from 0.2 MW, pilot located in Stuttgart University (Hawthorne et al.,
2010; Dieter et al., 2014) and a 1 MWy, pilot in Darmstadt (Galloy et al., 2011; Strohle
et al., 2014; Pl6tz et al., 2012). Other large scale pilots are being built in Taiwan (Chang
et al.,, 2013). The largest Calcium looping pilot (1.7 MWy,) successfully operated in
post-combustion mode is located in La Pereda CFBC power plant (Spain) and has
recently reported several hundreds of hours of steady state results treating 1/150 th
of the flue gases of the existing coal power plant and achieving continuous calcination
of CaCOs by oxy-combustion of coal in a CFBC (Sdnchez-Biezma et al., 2012; Arias et al.,
2013).

In this work we deal with a particular process variant of a Calcium looping system that
intends to exploit the high temperature CaO/CaCOs; chemical loop to achieve the
effective capture of CO; “in situ” during the combustion of biomass in a fluidized bed
boiler (Abanades et al., 2011a). The use of biomass as a fuel in CCS systems (Bio-CCS or
BECCS) leads to processes with negative emissions of CO, (Ishitani and Johansson,
1996; Obersteiner et al., 2001; Rhodes and Keith, 2008). BECCS technologies may need
to be deployed to meet the lowest targets of atmospheric CO, concentration
(Koornneef et al., 2012; IPCC, 2014) as these technologies are the only option to
reverse historical emissions of CO,.

The schematic concept of the particular Calcium Looping process considered in this
work is represented in Figure 1. It includes two interconnected circulating fluidized bed



combustors (CFBCs). One of the CFBCs is operating at modest combustion
temperatures (7002C) to allow for simultaneous CO, capture by carbonation of CaO
(the equilibrium partial pressure of CO, on CaO at atmospheric pressure is just 3.0
vol% at 7002C). The CaCOs formed in this CFB combustor-carbonator reactor circulates
to the second CFBC operated in oxyfuel combustion mode at a typical biomass
combustion temperature range (840-900 2C) (Saidur et al., 2011), where the CO, is
released and the CaO regenerated to circulate back to the CFB combustor-carbonator.
The concept has been already demonstrated by our group in a 30 kW, test facility over
a range of operating conditions (Alonso et al., 2011). Overall CO, capture efficiencies
higher than 80 % were achieved with sufficiently high solids circulation rates of CaO
and solids inventories in the combustor-carbonator.
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Figure 1. General scheme for the biomass combustion with in-situ CO, capture by CaO
process.

The fundamental advantage of the system of Figure 1 respect to stand alone oxy-fired
scheme is that the O, consumption is about 1/3 of the equivalent oxy-fired system
burning the same total flow of biomass and fuel. A recent economic and process
analysis of the concept of Figure 1 (Ozcan et al., 2014) has revealed the technical and
economic boundary conditions for this niche application of Calcium Looping and
biomass firing in power plants to be economically viable. The close similarity of each of



the main reactors in the system with commercial CFBC power plants enables an
evaluation of electricity and CO, avoided cost (Ozcan et al., 2014) that indicates that
this process achieves around 43 €/ton CO, avoided, only slightly lower than the cost of
a stand-alone oxy-fired system burning biomass operating under comparable
conditions. However, a further advantage of this system is that it can be adapted to a
wider range of regulatory conditions and avoided cost can even take negative values
when there are economic incentives for the both the storage of CO, from biomass
firing and green certificate for biomass use in air fired power plants. The in-situ calcium
looping option becomes more economical and more flexible to adapt to different
market conditions than air-fired biomass plants and oxy-fired plants alone. This is
particularly the case when the biomass plant is co-located with an oxy-fired coal power
plant or a much larger post-combustion calcium looping plant supplying the CaO to the
combustor carbonator (Ozcan et al., 2014).

The purpose of this work is to report experimental results from a 300 kW, pilot
designed, built and operated to demonstrate the viability of the process in an
industrial environment and with sufficiently long duration tests (up to a week-long).
The pilot is located at a 655 MW, coal power plant of “GNF-La Robla” (Ledn, Spain).
Several series of experiments, specially focused in the demonstration of the
simultaneous combustion-carbonation reactor concept, have been successfully
achieved so far. The interpretation of experimental results with a simple reactor model
for combustion and CO, capture by CaO in the combustor-carbonator are also
discussed in this work to aid in future scaling up of this novel CO, capture concept with
negative emissions.

EXPERIMENTAL

Two interconnected circulating fluidized bed reactors (combustor-carbonator and
calciner) are at the core of the pilot plant used to carry out the experimental
campaigns in this work. The height of both reactors is 12 m and the internal diameter
is about 0.4 m. Although the process concept of Figure 1 involves 0,/CO, combustion
in one of the reactors, the design of this pilot has been simplified to operate in air-
combustion mode in both reactors. This allows to test under more controlled
conditions the novel reactor in the system (the combustor-carbonator). Air is blown to
both CFBC; using two fans and is introduced as primary air to the bottom of the
reactors by nozzles. Only a small fraction of secondary air (about 10 vol%) comes as
secondary air with the biomass feed. The solids that exit the reactors are separated by
means of primary cyclones and sent through standpipes to the bubbling bed loop-
seals, which are equipped with two chambers fluidized with air. The particles that
abandon the loop-seals go into a dipleg where they flow by gravity towards the
opposite reactor. There are also two secondary cyclones that recover very few solids



under normal operating conditions but that act as a security solid separation devices
when a malfunction in the operation in the primary cyclones occurs (for example by a
rupture of the gas seal in the loop-seals).
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Figure 2. Scheme of “La Robla” Calcium Looping pilot plant with the main inputs and
operating variables. The grey shaded area is refractory lined, the black shaded area is
cooled areas through water jackets.

Both reactors are refractory lined (grey shaded area in Figure 2) to reduce heat losses
and maintain the high temperatures required by the process. The same happens to the
cyclone, the standpipe, the loop-seal and the dipleg that carry solids from the
combustor-carbonator to the calciner, where the presence of refractory avoids
excessive cooling of the particles and reduces the amount of fuel required to heat this
stream up to calcination temperature. The thermal insulation of the upper part of the
primary cyclone and the secondary cyclone of the calciner has been reinforced to
minimize drops in temperature in such region leading to deposit formation due to
carbonation of CaO particles under the richer CO, atmospheres abandoning the
calciner.



A critical aspect in the pilot design has been the temperature control system in the
combustor-carbonator. In order to balance the strong exothermic character of the
combustion-carbonation reactions taking place at the bottom of the reactor, it was
decided to cool down the solids entering the bottom of the combustor-carbonator and
coming from the calciner. For this purpose, water jackets (black shaded area in Figure
2) were placed over the truncated-cone region of the cyclone, along the standpipe, the
loop-seal and the dipleg associated to the calciner to extract heat from the solids
flowing from the calciner to the combustor-carbonator. As will be shown later, this
heat transfer strategy proved to be successful in sustaining the required temperatures
for simultaneous combustion and carbonation in the reactor.

Biomass pellets are continuously fed into the combustor-carbonator and the calciner
reactors by water-cooled screw feeders. There is also the possibility to introduce a
continuous make-up flow of fresh limestone into the combustor-carbonator by means
of a screw feeder. This flow contributes to maintain a stable inventory of solids, since a
fraction of fine particles leave the facility either through the secondary cyclones or
suspended on the gas that exits the facility through the stack. Solids can be extracted
continuously during operation from the combustor-carbonator and in batches from
the calciner by opening the valves located in the bottom of the reactors. There are also
sampling ports at the exit of the reactors that allow the extraction of solids samples
and measure solids circulation rate with isokinetic probes. These solid samples are
further analysed by a C/S analyser and a thermogravimetric analyser and the results
obtained are used to close the carbon balance and to provide reactivity information for
model validation purposes. There are also temperature and pressure taps distributed
in different locations in the facility. Zirconia oxygen probes are installed at the middle
and the upper part of the combustor-carbonator and at the upper part of the calciner
to acquire instant O, concentrations in those locations. The dry gas composition at the
exit of the reactors is registered by using two gas analysers after the secondary
cyclones. Both gas analysers measure continuously the CO,, O, and CO content of the
gas and one of them also measures the CiH, as a CHs concentration. They can be
switched between reactors, so that they can both be used to characterise the gas
stream generated either in the combustor-carbonator or the calciner. The CO; capture
efficiency can be estimated from these gas concentration measurements by

_ Feoz,comb-®co2,0ut
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where Fcoz,comb IS the CO, flowrate generated by combustion and estimated from an
oxygen balance, using the continuous O, measurement at the exit of the combustor-
carbonator by the oxygen probe and the analyser in order to take into account a
certain split of air across the loop-seal, the flow rate of air through the reactor and the



loop-seal and the elemental analysis of the fuel fed to the reactor. The detailed
procedure is described elsewhere (Abanades et al., 2011b).

In addition, it is useful to compare continuously the experimental capture efficiency,
Ecarb, With the maximum CO, capture allowed by the equilibrium, E¢q that can be
estimated by:

_ Fcoz,comb-Fcozeq :

Eeq=

FCOZ,comb
and the Fco,eq is calculated from (Barker, 1973):

Vco2,eq @ B.137x 107 2% er

All the experimental campaigns were carried out feeding wood pellets, whose
composition and heating values are listed in Table 1. Additionally, two Spanish
limestones and another one coming from Germany, which had initial mean particle
diameter of 93 um, 348 um and 87 um respectively, were used.

Table 1. Analysis of the biomass pellets used during the experiments (mass basis).

Moisture (%) 6.9

Proximate Ash (%) 0.4
analysis Volatile (%) 84.4
Fixed Carbon® (%) 8.3

C (%) 50.7

_ H (%) 6.11
e oo
y S (%) 0.01

0° (%) 42.3

LHV (MJ/kg) 19.2

HHV (MJ/kg) 20.4

? Dry basis. ° by difference

The standard experimental procedure starts with heating the reactors and the solid
beds with two propane burners until the bed temperatures are around 300 2C and the
gas lines are above 100 2C in order to avoid effects related to water condensation.
Then, biomass is fed to both reactors but the gas velocity is kept low in order to
increase the temperature at the bottom of the reactors as soon as possible by limiting
the solids circulation between reactors. Once the temperature at the bottom of the
reactors is higher than 550 2C, the propane burners are switched off and the biomass
feed rate to the reactors is increased. When the temperature is over 650 2C, the inlet



gas velocity as well as the biomass feed rate are increased in order to increase the
solids circulation rate between the reactors and to heat up the primary loop (i.e. the
primary cyclones, standpipes, loop-seals and diplegs). When the temperature at the
exit of the calciner primary cyclone is around 300 2C, the water jackets are switched on
in order to prevent material stresses. At a temperature around of 700 2C inside the
reactors, the inlet gas velocity of the calciner and the biomass feed rate are adjusted in
order to increase the average temperature in the calciner. Whereas the biomass feed
rate and the inlet gas velocity of the combustor-carbonator are adjusted to maintain
the average temperature in the reactor.

RESULTS AND DISCUSSION

The test campaigns carried out in the pilot plant involve 750 h in combustion mode of
which 550 h were in combustion and in situ CO, capture mode. The experimental
range of the main operating conditions is summarized in Table 2.

Table 2. Experimental range of the main operating conditions in the tests of La Robla

pilot plant.
Combustor-Carbonator Temperature (2C) Tearb 630-720
Combustor-Carbonator average gas velocity (m/s)  Ucarb 0.9-2.8
Combustor-Carbonator solids inventory (kg/m?) W 60-380
Excess O, concentration (vol%) Voz,e 3-12
CO, concentration from combustion (vol%) Vco2,comb 6-15.4
Maximum average CO; carrying capacity of solids  Xave 0.12-0.73
Solids circulation flow rate (kg/m?s) Gs 1-5
Calciner Temperature (2C) Tealc 800-950

An example of a typical experiment in La Robla is shown in Figure 3, following the
experimental procedure described above. The figure is divided in 4 intervals that are
briefly summarized in the auxiliary table included in the figure. The first interval is
highly dynamic and corresponds to the end of the start-up period, with an arbitrary
starting point (t = 0:00 h) that marks the switching off of the propane burners and the
increasing of the feeding of biomass to both reactors. During this first interval the main
inlet gas velocity of the combustor-carbonator was increased in order to increase the
solids circulation flow rate and heat up the full primary solid circulation loop
represented in Figure 1. The limestone make-up feed was switched on and off several
times during this interval in order to maintain certain solids inventory in the
combustor-carbonator during this non-steady state period (Figure 3b). The CO,
capture efficiency as well as the maximum CO, capture efficiency fluctuated
accordingly between 22-80% and 48-88 % respectively (Figure 3c). The excess air ratio
during this experiment varied to be able to maintain a certain gas velocity while



varying the biomass feed rate to sustain reactor temperatures. However, this change
in O, concentration at the exit of the combustor-carbonator (between 7 vol% and
12vol% in this experiment) had little effect on CO, capture efficiencies of Figure 3c. The
capture CO, molar flowrate varied between 0.2 and 1.8 moI/mzs during this period
(Figure 3b).

The second period in Figure 3 registers the evolution of the system after setting a
certain fuel and air flows to the reactors (Qpio-carb = 40 kg/h, Qpio-caic = 76 kg/h, Ucaic = 2.8
m/s, Ucarb= 2.3 m/s). As a result the average calciner temperature increased from
8002C to 860 °C and the average combustor-carbonator varied between 6502C and
740 °C. During this period, there is substantial oscillation in the solids inventory as a
consequence of the discontinuously fresh make-up feed (see changes in void dots in
Figure 3b). The CO, capture molar flow rate increased from 0.9 mol/m’s to 2.3
mol/m?s during this period (Figure 3 b) and the CO, capture efficiency (defined as in
equation 1) increased from 22 % to a maximum of 87 % at 7:20 h whereas the
maximum capture efficiency (given by equation 2) was very close to the experimental
capture efficiency as the inventory of solids in the reactor increased (period 2 of Figure
3b).

The third period in Figure 3, between 7:20 h and 10:50 h, registers the effect of an
increase of the inlet gas velocity to the combustor-carbonator from 2.3 m/s to 2.7 m/s.
As can be seen, the average calciner temperature and the difference between calciner
temperature and combustor-carbonator temperature decreased due to the increase of
solid circulation rate between reactors. The CO, capture molar flow rate increased to
2.7 mol/m®s at the beginning of this period as a consequence of the rapid increased in
the CaO circulation flowrate. Nonetheless, it tended to decreased to 1.6 mol/mzs
because the calcination intensity was reduced (Figure 3b) in the calciner, since the
temperature droped from 8602C to 815°C at the end of the period, and also as a
consequence of the higher temperatures found within the combustor-carbonator
(Figure 3a). The experimental capture efficiency, Ec.rb, and the equilibrium efficiency,
Eeq, decreased due to the decrease in the calcination rate linked to lower temperatures
in the calciner and due to the increase in the average temperature in the combustor-
carbonator.

The fourth experimental period, between 10:50 and 16:00 h, corresponds to a
situation as in period 2, but with a continuous flow of limestone around 60 kg/h to
sustain stable solid inventories in the combustor-carbonator at around 300 kg/m?. As
can be seen, the experimental CO, capture is very close to the theoretical maximum
during this period for these values of solid inventory in the combustor-carbonator and
a stationary state regime is achieved in these conditions that can be extended for
much longer periods of time. The longest experiment in steady state conditions has
lasted 100 hours in this particular pilot. The interruptions in operation or the forced



changes in the steady state operating conditions have arisen from malfunction and
problems associated to the auxiliary equipment necessary in these small scale pilots
(biomass feeding system interruptions, problems with the discharge of solids from the
secondary cyclone, deposits of Ca(OH), and CaCOs in the cooled parts downstream of
the first cyclone, etc).
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Figure 3. Example of an experimental run in La Robla pilot plant burning biomass
pellets of Table 1 and feeding Omyacarb limestone of average dp of 93 um and CaCOs
content>98%.

Using the information from steady states periods (two hour duration with stable
conditions as in period 4 of Figure 3), the influence of some operating variables
discussed in the following paragraphs.

The effect of the solids inventory on the normalized CO; capture efficiency (Ecarb/Eeq) is
shown in the example of Figure 4a. Two parts of steady states periods with nearly
identical set of operating conditions but different bed inventories are represented. The
normalized carbonation efficiency is very close to 1 for the higher solids inventory
(black line), which indicates that the bed is an extremely efficient reactor capturing the
CO, generated during combustion. In contrast, despite the high value of the average
CO, carrying capacity of the particles used in these particular experiments (Xae=0.4),
when solids inventory is around 100 kg/m’ the average normalized carbonation
efficiency drops down to around 0.7. In order to highlight the effect of the average CO,
carrying capacity, Figure 4b shows the normalized CO, capture efficiency for other two
periods at similar operating conditions. As in the previous case, due to the low solids
inventory (80 kg/m®) even at an average CO, carrying capacity as high as 0.4, the
normalized CO, capture efficiency is around 0.8. When the CO, carrying capacity of
solids decreased to 0.15, the normalized CO, capture efficiency decreased to around
0.65. These results emphasize the need of sufficient active solids inventory in the
combustor-carbonator in order to maximize the CO, capture efficiency, compensating
the modest average activity of the solids with increased total bed inventories.
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Figure 4. Effect of operating variables on the normalized CO, capture efficiency. (a)
Effect of the solids inventory at Tc.p = 650 2C and inlet gas velocity of 2.4 m/s and Xaye
= 0.4. (b) Effect of the CO, carrying capacity of solids at an inlet gas velocity of 1.8 m/s,
Tearb = 700 2C and a solids inventory of 80 kg/m?

Figure 5 includes two examples to illustrate some effects of the average combustor-
carbonator temperature on the reactor performance. Figure 5a corresponds to a rapid
decrease of reactor temperature (continuous line of T.p) when there is sufficient
inventory of active material in the bed. In these conditions, the normalized CO,



capture efficiency (white dots) remains almost constant and close to 1. However, as it
indicated from equations (1-3), the net CO, capture efficiency increases when the
carbonation temperature decreases as it is shown by the E. (black dots) curve.
Therefore, in the absence of other limitations, the temperatures needed to achieve
high CO, capture efficiencies in the combustor-carbonator temperature should be as
close as possible to around 6502 (as in other CalL systems). However, there are
indications that the combustion efficiencies sharply decrease at these low
temperatures. As shown in Figure 5b, the emissions of unburned gases (CO, CH, and
other hydrocarbons) are highly sensitive temperatures below 7002C.
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During the tests carried out in this work, the CO and CH; concentrations were
monitored continuously by the on-line gas analysers. Figure 5b illustrates the strong



dependency of combustor-carbonator temperatures with CO. As indicated in Figure 5b
the bed inventory also plays a role in the emission of CO even at temperatures around
7002C. When the solid inventory is low (W=80 kg/m?) the average CO concentration
increased from 0.3 vol% to almost 0.6 vol% (grey symbols and line). However if the
solids inventory is higher (285 kg/m?), at identical combustion conditions, the average
CO goes up from 0.1 vol% to just over 0.25 vol% (black symbols and line). As discussed
by (Werther et al., 2000) emissions of CO are a complex function of one or more of the
following factors: a low combustion temperature, a low quality of the mixture between
the air and the biomass and a low residence time of the combustible gases in the
combustion zone. Other possible factor affecting CO emissions is related to different
temperatures and solid loading in the primary cyclone (Leckner and Karlsson, 1993).
These factors are highly dependent of the experimental set up and we do not have
sufficient information in the pilot to elucidate between these effects. CH; emissions
were below the detection limit (0.01 vol%) at normal operating conditions with
temperatures over 7002C, O, content over 7 vol% and bed inventories over 60 kg/mz.
The equivalent patterns of trace CH; emissions were much more complex and
uncertain in this particular experimental set up and are omitted in this discussion. We
leave as beyond the scope of this first work a detailed discussion of trace emissions. It
is however obvious from the experimental results obtained so far that a narrow
temperature window (around 700 2C) has to be maintained in the combustor-
carbonator to operate the concept of Figure 1 with acceptable CO, capture efficiencies
and minimum emissions of unburned gases.

In order to facilitate a more quantitative interpretation of experimental results the
closure of basic mass balances is a first. The methodology to analyse the results is only
briefly explained here because it does not differ from previous studies conducted in a
30kW;y, test rig published elsewhere (Alonso et al., 2009; Abanades et al., 2011b;
Alonso et al., 2011; Charitos et al., 2011) and applied also for post-combustion Cal
experiments in other test rigs (Alonso et al., 2010; Charitos et al., 2010; Charitos et al.,
2011; Rodriguez et al., 2011a; Rodriguez et al., 2011b; Arias et al., 2013). The general
CO, mass balance in the combustor carbonator at steady state conditions can be
written as:

- - CO,@eacting@nf
_COzfrom@ombustionl,  net@ain@n@aCOzAnkhe =2 a
- @O, EnflueBas b- irculating@olidlﬂtream_ theEI:]);(()if 2 0 4)

All these terms can be estimated independently from the experimental data. The first
term of equation 4 is the CO; captured from the combustion flue gas generated in the
combustor-carbonator. This can be estimated continuously from oxygen mass balance
in the combustor-carbonator and the CO, content in the gas stream leaving this



reactor, which allow the calculation of Fcozcomb @and Feozout, respectively (see equation
1 to estimate E.p). The second term can be experimentally estimated from the
measurements of circulation flow rates and the difference in carbonate contents
between the samples extracted at the exit of the combustor-carbonator and at the exit
of the combustor-calciner. To measure solid circulation rates we used isokinetic probes
at the exit of both reactors. Moreover, using the heat balance between the water flow
through the jackets to cool the circulating solids stream from calciner to combustor-
carbonator (see Figure 1) it is also possible to establish a correlation for the continuous
monitoring of solids circulation rates. The difference in the carbonate content of the
solids samples (Xcrb and Xeic) extracted from the upper part of the reactors was
determined by calcination in nitrogen and/or air (to distinguish small contributions
from unburned char particles). So, the first CO, mass balance that can be
experimentally checked in the pilot unit is:

FCOZ,combEcarb |:‘H‘Ca carb 'Xcalc *

Since the make-up flow of fresh limestone is added to the combustor-carbonator, the
value of Xerb Was slightly corrected in steady state experiments to discount the
contribution to X.p of the fraction of fresh limestone in the circulating solids
abandoning the combustor-carbonator). The application of this mass balance revealed
a large difference between experiments conducted with fine limestone (dpo < 100 pum)
and coarser limestones (average dpo = 348 um). As can be seen in Figure 6, the mass
balance is relatively well closed for experiments carried out with fine particles (black
dots) but it is not fulfilled during the experiments with coarse limestone feed (white
dots in Figure 6). We detected that the carbonate content in the combustor
carbonator was much higher than usual in these experiments. It can be speculated that
a certain segregation phenomena of dense and coarser limestone particles in this
reactor is allowing a substantial step change in carbonate content between the
average particles in the bed inventory in this reactor respect to the finer solids actually
leaving the reactor and arriving to the calciner. This segregation mechanism was
confirmed by measurements of particle size distributions in samples from the bottom
of the reactor and samples extracted by the isokinetic probe at the top of reactor. The
average particle diameter in the bottom of bed was 200 um, between 2 and 2.5 times
higher than the average particle diameter at the exit of the combustor carbonator and
calciner. Since most experiments reported in this work have been conducted with fine
limestones (dpo < 100 um) no more effort has been placed in analysing the complex
segregation phenomena behind the (white dot) results of Figure 6.
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Figure 6. Comparison between the molar CO, removed from the combustion flue gas
generated in the combustor-carbonator and the net increase of the carbonate molar
flow between reactors. The second CO, mass balance incorporates the kinetics of the
CO;, carbonation reaction taking place in the combustor-carbonator reactor:

dX
FCOZ,combEcarb IjjlCa,active Bl

d reactor

This equation expresses the fact that a certain inventory of active CaO particles in the
combustor-carbonator is responsible of the capture of CO, from the flue gas by means
of a certain average reaction rate of carbonation in the reactor (dX/dt). In order to
attempt the closure of this mass balance, a simple carbonator model discussed in a
previous work (Alonso et al., 2009) is adopted here, which assumes perfect mixing of
solids and plug flow for the gas phase. Experimental data obtained in dynamic mode or
in transient conditions (like those in experimental periods in 1-3 in Figure 1) or data
obtained with coarse materials (segregation effects noted in Figure 6) where not
considered in the fitting exercise of the model to the experiments. Only those
experimental periods with fine particles (well mixed in the combustor-carbonator) and
sufficient stability, represented by average values of temperature, solid inventory,
average activity of the solids in the reactors, gas velocities and stable values of
experimental efficiencies (E.arb) and CO, generation by combustion, were considered.
In these conditions, it can be assumed that particles react at a constant rate until the
maximum carrying capacity (Xave) is reached and after that point the reaction rate
becomes zero:



dX
|:’ks,apxave :

d reactor

dX
[f—p = OmmRm > X

d reactor

where ks o is the apparent reaction constant (s'l).

In order to calculate the average CO, concentration during “in situ” combustion of
biomass in the combustor-carbonator, it is further assumed that the O, concentration
decays exponentially in the bed from the inlet O, concentration (vo2,0) to the measured
exit concentration (experimental vo,, it). In these conditions, the final expression for
the average CO, concentration over the bed is as follows, (Abanades et al., 2011b):

u Y hok
u 02,0 02,e ]__e'l(combu_Lmb

h
Kon e
211 -e " crbu PIeh
h carb'kcomb kcarb

where ke, and keomp are the volumetric kinetic constants associated with the
carbonation and the combustion reactions, respectively.

Finally, taking into account the assumption of perfect mixing the active fraction of the
solids can be defined as the fraction of particles with a residence time lower than the
time needed to increase the carbonate content from Xcaic to Xave, t*.

nCa,active EjlcafaZ Elca(l-e't /(nCa/FCa)) i

The characteristic carbonation time, t*, can be calculated from the measurements of
Xcale and Xave from the solids taken and using the reaction rate defined by equation 7
(Alonso et al., 2009; Charitos et al., 2011; Arias et al., 2013). By combining equations
(7)-(9) into equation (6), the model is fully defined and a simple expression can be
obtained:

FCOZ,combEcarb IjjlCafakS,aanwe :

where the average CO, concentration is calculated from equation 8 and keomp from the
exit O, concentration measurements (see details in Abanades et al 2011b).

The apparent reaction constant (ksap) can be calculated from the experimental data as
it is the only fitting parameter in equation (10), and it leads to a value of 0.095 s™, The
final comparison between the CO, removed from the gas phase and the CO, reacted
with the bed using this value for ks, is shown in Figure 7. The closure of the balance is
reasonable as the slope of the data is close to 1. This is consistent with results reported



from smaller pilot plant and from other post-combustion systems (Abanades et al.,
2011b; Alonso et al., 2011; Charitos et al., 2011; Rodriguez et al., 2011a; Rodriguez et

al., 2011b; Arias et al., 2013), which provides confidence for the future scalability of
the model and the data..
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Figure 7. Closure of the mass balance between the CO, removed from the gas phase
and CO; reacted in the reactor bed.

Finally, a different way of comparison between experimental data and model
predictions is shown in Figure 8 using the normalized CO, capture efficiency is

represented as a function of the active space time (Taiuive) defined by (Charitos et al.,
2011) as:

n
P —
Tactlve

where the solids inventory, the solids activity and the reaction rate are linked through
the active fraction f,. From equation (11), it can be deduced that a low Xa. can be
compensated with high solids inventory independently of the combustion sub-model
adopted to estimate the CO, average concentration in the bed. So, in theory, it is

possible to achieve similar t,ive Values for very different values of solids inventory and
Xave-
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Figure 8. Normalized capture efficiency as a function of the active space time and
model predictions for post-combustion and combustion-carbonation assumptions.

In the case of Figure 8, the model predictions were estimated for two different model
cases: assuming that the combustion constant reaction was infinite (equivalent to a
post-combustion where the flue gas resulting from the biomass combustion is all
generated at the entrance of the combustor-carbonator) and assuming that the CO,
molar flow from combustion was generating along the bed (combustion-carbonation
case referred above). For this purpose, the value of the input parameters in the model
were chosen on the basis of the average parameters and operating conditions found in
the experimental data. As Figure 8 shows, the experimental data are mostly around
both extreme model lines. In order to ensure a normalized CO, carbonation efficiency
close to 0.9 it is necessary an active space time higher than 0.1 h. These results are an
important validation of the simple model described in this work as an important tool
for future design and scale-up exercises.

CONCLUSIONS

A novel biomass combustion process involving the “in situ” CO, capture by CaO in a
circulating fluidized bed has been validated in a 300 kW;;, pilot operated in continuous
mode. The operation of the combustor-carbonator reactor supplied by a continuous
flow of CaO generated in a continuous fluidized bed calciner achieved 550 h in capture
mode. The experimental results confirm the need to operate in a narrow temperature
window around 7002C in the combustor-carbonator, to maximize both combustion



and CO; capture efficiencies. CO and CH,; emissions are an important concern at lower
temperatures and the CO, capture efficiency rapidly drops at higher temperatures
limited by the equilibrium of CO, on CaO. In general, the importance of a sufficient
inventory of active CaO in the combustor carbonator (by increasing the CO, carrying
capacity of the circulating solids and/or by increasing the total solids inventory) is
confirmed as a critical variable to interpret result from the twin reactor system. The
closure of the carbon balance in the system (CO, capture in the flue gas vs net
carbonate circulating from combustor carbonator to calciner) has been successful
when fine solid materials are used in the experiments. However, large discrepancies
have been detected in experiments conducted with large particles, probably due to
segregation effects of denser and coarser particles in the reactor bed inventory.

The application of a simple model for the carbonator-combustor reactor, that assumes
perfect and instant mixing of solids and plug flow for the gas phase is sufficient to
approximate the experimental results with a reasonable apparent reaction constant.
Active space times over 0.1 h are needed to ensure CO, capture efficiencies close or
over 90%. The experimental results and the fitting parameters obtained in this work
should be a valuable tool for scaling up of this technology.

NOTATION

E CO, capture efficiency

F Molar flow rate, mol/m?s

Fo Molar fresh limestone make-up, mol/m?s

Fca Calcium molar flow rate between reactors, moI/mzs

f, Active fraction of solids

G, Solids circulation flow rate, kg/mzs

h Reaction height, m

k Volumetric reaction constant, s

Ks,ap Apparent superficial carbonation reaction constant, s™

Nca Calcium mol in the combustor-carbonator, moI/m2
Q Mass flow rate, kg/h

T Temperature, 2C

u Gas velocity, m/s

w Solids inventory in the combustor-carbonator, kg/m2
X Carbonate molar fraction

Xave Maximum carrying capacity
Subscripts

bio Biomass

carb At combustor-carbonator
calc At calciner

comb combustion

out at the exit of combustor-carbonator



eq At equilibrium conditions

02,0 02 at the inlet of combustor-carbonator
02,e 02 at the excess

Greek Letters

v Volumetric fraction, (vol%)

a Stoichiometric coefficient
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