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Numerical Modeling of a Single
Channel Polymer Electrolyte Fuel
Cell

A two-dimensional model of a single-channel polymer fuel cell has been developed. To
achieve model validation, current mapping experiments were performed on the cathode
side of a single-channel polymer electrolyte fuel cell (PEFC) of various channel widths,
at different reactant flow rates and over a range of operating cell voltages. The fuel side
was operated in cross-flow mode, with a high stoichiometric excess of hydrogen to ensure
no limitations in anode performance as a function of position along the channel. The
solution domain comprises seven regions, (two inlet channels, two diffusers, two active
catalyst layers, and a membrane) and considers transport of hydrogen and water vapor
in the anode and oxygen and nitrogen and water vapor in the cathode. The resulting set
of coupled differential equations was solved numerically with FEMLAB®, a MATLAB®-based
software. The model has been compared to data from a single-channel PEFC, and good

agreement between experiment and theory was obtained. [DOI: 10.1115/1.2756557]
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Introduction

Many polymer electrolyte fuel cell (PEFC) developers have
highlighted the measurement and modeling of inhomogeneity in
polymer electrolyte fuel cells as one of critical importance to the
understanding and development of fuel cell devices. In this con-
text, inhomogeneity is taken to embody such aspects as spatial
variation in current density, membrane humidity, reactant concen-
tration, temperature, etc. The approach taken here has been to seek
to gain an understanding into these spatial issues by developing a
predictive model in two dimensions. To achieve this, we have
developed a model of a single-channel PEFC and validated this
against experimental data using a previously reported current-
mapping technique [1-3]. Use of a single-channel PEFC as op-
posed to a full flow field represents the simplest possible geometry
and one where we have developed techniques that allow model
validation. This is the key first step in developing models of more
complex and experimentally and numerically validated flow
fields.

The first model of a single-channel PEFC based on fundamental
equations that incorporated all the regions of the cell was pre-
sented by Springer and Raistrick [4]. This was a one-dimensional
steady-state model that considered five different regions of unit
cross-sectional area within the fuel cell: two inlet channels, two
gas-diffusion electrodes, and the Nafion® membrane. External gas
humidifiers set the water flow into the inlet channels, and the
water flow inside the cell was dependent on the water produced.
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The authors argued that the convective transport for water is lim-
ited to the drag force on water due to proton flux, and therefore,
pressure-induced transport was not incorporated. Water transport
through the electrodes was taken to occur only as vapor, and no
liquid water flux was considered.

In the extension of this work, Springer et al. [5] omitted the
anode electrode losses and focused only on the cathode side. This
approach is appropriate for the case of a well-humidified cell with
a pure H, feed stream. The cathode model considered losses
caused by the rate of the oxygen reduction reaction, limited ionic
conductivity, limited permeability through the hydrophobic back-
ing layer, and the drop in oxygen concentration along the inlet
channel caused by reactant consumption. An improved model,
looking in detail at the gas transport and ionic conductivity limi-
tations in the catalyst layers and diffusers, was presented in 1993
[6]. This model predicted mass transport limitations at high cur-
rent densities but used fitted parameters [7] to achieve a good
agreement with experimental data. Weisbrot et al. [8,9] extended
the work of Springer and Raistrick [4] and Springer et al. [5,6] to
predict performance as a function of water balance in the channel
and transport across the membrane, though the catalyst layers con-
tinued to be treated as finite interfaces.

Springer et al. [10], Zawodzinski et al. [11], and Ren et al. [12]
combined experiment with dynamic modeling, to quantify the per-
formance impact of poor water management. To do this, they
calculated the impact of water management on both ionic conduc-
tivity and the cathodic reaction rate. An important element in their
approach was the use of a large experimental database, which they
used to fit the model results. The initial work done by Springer
and Raistrick [4] and Springer et al. [5], coupled with work by
Newman [13], formed the basis of the Bernardi—Verbrugge model
[14,15]. Bernardi and Verbrugge proposed a predictive one-
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dimensional steady-state model based on the Nernst—Planck equa-
tion, Schogl’s velocity equation, the Butler—Volmer equation, and
Darcy’s law for transport through porous media. These equations,
along with appropriate conservation equations, and boundary con-
ditions over the different regions of the cell, formulate a system of
differential equations to model the fuel cell. For a solution to be
feasible, certain assumptions had to be made. The gases were
assumed to be ideal and well mixed. In the gas diffuser regions,
the gas pressure was taken to be constant and equal to that of the
inlet channels, whereas in the regions of the cell that are not
rendered hydrophobic with PTFE (aqueous regions), a hydraulic
pressure variation is presumed to exist. The set of equations were
further simplified by assuming the catalyst layers to be of vanish-
ing thickness, which is appropriate for operation at high current
densities. A second series of assumptions was to take the water-
vapor flux in the cathode diffuser to be constant by taking the
nitrogen gas mole fraction to be invariant. These simplifications
allowed an analytical solution to be constructed for the water ve-
locity and pressure equations in the different parts of the cell,
further simplifying the potential and current equations.

In the present work, the approach has been to extend the model
developed by Bernardi and Verbrugge [14,15] to two dimensions,
also adding extra regions to incorporate the fuel and air channels.
However, to extend the model into two dimensions, it was not
possible to use simplifying analytical solutions for water velocity
and pressure. Instead, the differential equations governing water
velocity and pressure were solved numerically. Furthermore, we
have also introduced the porous agglomerate concept to describe
the behavior of the flooded catalyst regions. The resultant set of
equations, constituting the two-dimensional numerical model de-
veloped in this study, are presented in the following section.

Model Development

The schematic of the model fuel cell is illustrated in Fig. 1(a).
There are seven distinctive regions: the two inlet channels, the
two gas diffusers, the two catalyst layers, and the membrane.
There is an imposed gas flow within the channels in the positive y
direction, and the origin of the y—z coordinate system is set at the
wall of the anode channel inlet. In the anode, the transport of
hydrogen and water vapor is considered and, in the cathode, trans-
port of oxygen, nitrogen, and water vapor is considered. The gases
are assumed to be ideal and well mixed, and the cell is considered
isothermal. For the transport of reactants, it is assumed that there
are pores that are flooded and there are also pores that are ren-
dered hydrophobic, through the use of PTFE, to allow for the
transport of gases. The membrane is considered fully and uni-
formly hydrated. Finally, it is assumed that no transport of hydro-
gen and oxygen occurs through the membrane, only protons and
associated water.

Fuel Cell Chemistry. The electrochemical reactions are con-
fined to the two thin catalyst layer regions. On the anode side, the
overall hydrogen reaction can be written as

2H, — 4H* +4e” (1)

indicating that the stoichiometric coefficient for hydrogen is, S,

=-2, while the overall number of electrons exchanged is n=4. On
the cathode side, the overall oxygen reaction can be written as

O, +4H* + 4¢~ — 2H,0 (2)

indicating that the stoichiometric coefficient for oxygen and water
are so,=-1 and s,,=2, respectively.

Potential Equations. Because there are two conducting spe-
cies, namely, electrons and protons, it is necessary to have two
potential equations, one for the electronic (referred to with sub-
script s for solid [4,14]) phase and one for the ionic (referred to
with subscript [ for liquid [4,14]) phase. The equation for the
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Fig. 1 (a) Schematic of the fuel cell and (b) schematic of ag-
glomerate model

electronic potential d is applicable in the diffusers and the cata-
lyst layers, and that for the ionic potential ®, is applicable in the
catalyst layers and the membrane.

We assume that the diffusers are good conductors and that the
current due to electron transfer will be constant everywhere
throughout the diffusers. Hence, the electronic potential in the
diffusers is governed by the Laplace equation,

Fo, P,
- +—5 =0 (3)
0z ay

In the catalyst layer, the electronic potential is governed by the
Poisson equation, which for the anode catalyst layer is given by

_ O_cff( ‘92(1)9 + ﬁz(br) —_ (aielecl,an + aielect,an)
9zt oy? 9z Ay
The effective electronic conductivity o°f, where o*T=c(1-¢),

is used to show that the conductivity in this region is different
from that in the diffuser. The porosity of both the anode and

)
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cathode catalyst layers is taken to be constant, so that ¢°f is the
same in both regions. The same equation can be written for the
cathode catalyst layer, but in this case, the electronic anode cur-
rent density igjec an 1S Teplaced with the electronic cathode current
density igjecq cqr- In the rest of the paper, only the equations for the
anode side will be given on the understanding that the equivalent
equations for the cathode side can be obtained by the exchange of
subscript “an” with “cat”.

The minus sign in the electronic phase potential of the anode is
used because the electronic current decreases at the same rate the
ionic current increases. In the case of the cathode catalyst layers,
the signs of the current are reversed to reflect the increase of the
electronic current as the ionic current decreases.

The ionic current in the anode catalyst layer is also governed by
the Poisson equation

_ kcff( ﬁZCI)I + (?zq)l) — (aiion,an + aiion,un)
2 ay? 9z dy

—_ ( aielect,an + aie]ect,an)
0z dy

where the conducting properties of the catalyst layer are now de-
scribed by the effective ionic conductivity k°T, where k°T=k(1
—¢). The analogous equation for the ionic potential in the mem-
brane is

©)

— +—-—> =0 (6)
a9z ay

In order to calculate the current density, we model both catalyst
layers by means of the agglomerate model [16-19]. We assume
that the catalyst layers are porous and consist of spherical catalyst
agglomerates of average radius R, as illustrated schematically
in Fig. 1(b). We further assume that agglomerates are themselves
porous, but that the size of the pores is much smaller than the size
of the voids between agglomerates. We make a further simplifica-
tion in that we assume that the agglomerates are flooded, while the
voids between the agglomerates are sufficiently large that only gas
is present. The porosity of the catalyst layer is sufficiently large
that, as a first approximation, we can treat the agglomerates as
independent of each other. The gaseous reactant (H, on the anode
side and O, on the cathode side) diffuses through the surface of
the agglomerate and undergoes an electrochemical reaction inside
the agglomerate on the catalytic surface. We assume that all of the
reactant that enters the agglomerate undergoes an electrochemical
reaction, and hence, the overall current density produced is given
by

i= (ielect + iion) = 4”agg1WiFd (7)

where 71,4, is the number of the agglomerates per unit volume of
the catalyst layer, F is the Faraday constant, d is the unit depth to
alow for scaling of the current density to 2D, and W, is the mean

molar flow of the reactants entering the agglomerate. W; can eas-
ily be related to the molar flux of the reactants at the surface of the
agglomerate N; (e.g., W,-=47TR§gg1N,~), while the number of ag-
glomerates per unit volume 7,4, can be related to the porosity of
the catalyst layers [18] &,

471'R25 ol

(1 _s)znaggl 3

(8)

Assuming first-order heterogeneous, electrochemical reactions
within the agglomerates at both anode and cathode, the mass con-
servation equation for species i, inside the agglomerate, reads
[18-20],

D li 2% — k < <
2 r ) Sagei¢i 0=r=R
where ¢; and D; are the concentration and the effective diffusion
coefficient of the reacting species, respectively. The quantity k; is
the rate constant of the heterogeneous electrochemical reaction
taking place on the active catalyst sites within the agglomerate,
and S,g is the available, active catalytic surface area per unit
volume of the agglomerate. By solving Eq. (9), with the appropri-
ate boundary conditions [20], one can obtain the expression for

the molar flow W; as [20]
KiSeal (k.S el
I_Dl%&Raggl COth( l_l;gg'Raggl> :|

(10)

The concentration of the reactant on the inside surface of the
flooded agglomerate c*¢¢' can be calculated from the concentration
of the reactant in the surrounding gaseous phase through Henry’s
law,

)

aggl

W, = 4wRagngic?gg][ 1-

cieel = %P (11)
1
where P is the pressure inside the catalyst layer, while x; and H;
are the mole fraction and the Henry’ s coefficient for the reacting
species, respectively.
The kinetic constant k; for an electrochemical reaction can be
related to the overpotential [13]. For example for the anode,

k-_ jO exi ((l_aan)
T are P\ TR T

L o@-,-00,)] (2
where ¢ is a standard reference concentration, usually the inlet
concentration, j, is the exchange current density for the anode «,,
is the anodic transfer coefficient, ®,, is the membrane phase po-
tential and Ad, is a reference potential, which we have taken to
be the reversible potential of the anode vs. a standard hydrogen
electrode.

By substituting Egs. (8) and (10)-(12) into Eq. (7), we can
express the total anode current density as [18]

Jo

F.PXu,Dy
iw=12(1-g)—5———| 1 -

4F ¢t

(1 - aan)F
ex RT (q)s - q)m - A(I)an) Saggl

aggl H H,

Dy

2

4Fc
xR,

j() (1 - aan)F
ex < RT ((I)S - CI)m - Aq)an)>sagg]

aggl COth
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A similar expression can be written for the cathode by replacing
subscripts H, and “an” with O, and “cat”, respectively. As the
concentration of the gaseous reactants and the overall pressure
varies as a function of the position in the catalyst layer, so will the
generated current density.

Transport Equations. In order to solve the potential-current
equations (Egs. (3)—(6) and (13)), one needs to evaluate the con-
centration of species in the channels, diffusers, and catalyst layers.
In all three regions, the mass conservation of each species can be
expressed in terms of the general diffusion-advection equation

9z dy 9z dy
where the anode side deals with the concentration change of mo-
lecular hydrogen, whereas the cathode side addresses the concen-
tration change of molecular oxygen. The u, and u, components of
the flow velocity refer to the direction along and perpendicular to
the flow, respectively, while R; is the reaction rate per unit volume
for reactions given by Egs. (1) and (2).

In the channels, no reaction takes place; thus, the term on the
right-hand side of Eq. (14) can be set to zero. In practical fuel
cells, the flow rates are sufficiently small that the velocity profiles
can be obtained from the solutions of Stokes’ equations,

P _ (ﬂz_u) P _ (@_)
oz Moz ) oy M\

where P is the pressure in the channel and w is the viscosity of the
gas flowing through the channel. Perfect gas behavior is assumed,
as is the concentrations being proportional to the mole fraction of
the species present (e.g., ¢;=x;P/RT).

In the diffusers, it is necessary to account for the porosity of the
media, which greatly reduces the transport by advection. Hence,
Darcy’s law is used to approximate the velocity field inside the
diffusers

R (14)

(15)

kp P

_,uﬁz’

kp dP

M dy
where kp is the hydraulic permeability of the diffuser material
with respect to hydrophobic pores. No reactions take place; thus,
R; is again set to zero.

Inside the catalyst layers, the velocity field is also estimated by
means of Darcy’s law, (Egs. (16)), the only difference being the
permeability of the domain. Because of the membrane penetration
in this region, it is essential to introduce effective permeabilities
[15], which are dependent on the extent of the membrane penetra-
tion [14,15]. As previously indicated, the effective parameters are
simply calculated by multiplying relevant variables by the poros-
ity (for instance, k;ffz Emembkp, Where &.., 1S the volume fraction
of membrane in the catalyst layer). In the catalyst layer, a reaction
term is important since in this region, as well as the transport of
species, electrochemical reactions occur. Hence, there is a sink
term for the molecular oxygen and hydrogen, and a production
term for the ionic current. Therefore, a decrease in the electronic
current is observed, as charge transfer from the electronic to the
ionic phase occurs in this region. Furthermore, it is assumed there
are two modes of transport available, one for gases through pores
rendered hydrophobic with PTFE and the other for liquid water
through flooded pores. The transport of water is discussed
subsequently.

The reaction rate of species i, R;, is dependent on the current,
and for the anode catalyst layer, it is given by

1 (ﬁielect,an + aielectr,an)

. (16)

R, =— — | —Sectan
4F\ oz dy

where the current density is given by Eq. (13).

(17)

Water Balance. The water balance included in the present
model is based on that presented by Bernardi and Verbrugge
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[14,15] but generalized to two dimensions. The water balance
equations apply in the diffuser, catalyst, and membrane regions. It
is assumed that the water velocity in the diffusers can be approxi-
mated by the Darcy flow equations together with the continuity
equation,

kp,, dP, kp,, P,  dv, dv
Uz=ﬂ_"; Uy=L_W; et S (18)
My 02 Moy Iy dy 0z

where P,, is the hydraulic pressure, v, and v, are the z and y
components of the liquid water velocity, respectively, kp,, is the
diffuser hydraulic permeability with respect to hydrophilic pores
and is taken to be uniform in this region, and w,, is the viscosity of
water.

In the catalyst layers, the velocity is given by Schogl’s equa-
tions ([14,21], and references therein)

eff eff
Dw F‘?q)m _ kPw an

v,=—"7 (19)
w0 o, oz
eff eff
P kp,, P
V.= Dw F m _ ZPw w (20)

T T T oy

where ®,, is the potential drop across the membrane, and z; and ¢,
are the charge and the concentration of the fixed charges in the
membrane, respectively. The parameters kfgfv and k;f‘i are the ef-
fective electrokinetic and hydraulic permeabilities, respectively,
and are dependent on the extent the membrane penetrates the cata-
lyst layer. The first term on the right-hand side of the Egs. (19)
and (20) gives velocity due to the electromigration of charged
species, whereas the second is the advection term. In the cathode
catalyst layer, the continuity equation needs to be adjusted to al-
low for the production of water,

(& + (?_vx) __ 1 ( aielecl,cal + (?ielect,cat>
dz  dy)  2Fp,\ 9z Ay
where p,, is the density of water.

Finally, in the membrane, the equations for the water velocity
are also given by Egs. (19) and (20), but with membrane electro-
kinetic and hydraulic permeabilities kg™ and kp°" replacing the

: eff eff
effective ones, kg, and kp,,.

21

Boundary Conditions. On the channel inlet boundary, the
mole fraction of hydrogen (anode) and oxygen (cathode), together
with the inlet pressure are specified

Plyco = Pinrer (22)

On the channel exit boundary, it is assumed that the transport is
only by advection along the direction of flow and the boundary
conditions are specified in terms of the flux normal to the bound-
ary,

xi|y:0 = xi,inlct;

ﬂ(ciu:,)
O
The above conditions reflect the fact that unreacted gases leave
the cell through the outlet at atmospheric pressure.
At the anode channel/diffuser interface, the electronic potential
is set to zero (see Fig. 1 for notation),

= Ni‘y:H; P‘y=H=Palm (23)

®._, =0 (24)

s cd,a

and at the cathode channel/diffuser interface the electronic poten-
tial is set equal to the cell voltage,

@,

(25)

=Log,— "cell

The pressure and concentrations of all species are set to be con-
tinuous at this boundary. For continuity purposes, it is assumed
that at the channel/diffuser interface the component of the velocity
in the direction of the flow is nonzero. It is taken as the velocity
on the diffuser side of the interface. Hence, the velocity boundary
conditions at this interface are given by
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k, dP
uy|z=L a4 +— s Uy
‘ MOy lar,

At the diffuser/catalyst layer interfaces, the composition, pressure,
velocity, and the electronic potential are assumed to be continu-
ous. The ionic potential at this interface is calculated based on the
cell voltage, the conductivity, and the exchange current densities.
As the membrane is impermeable to the transfer of uncharged
species, the concentration of uncharged species at the catalyst
layer/membrane interface are specified in terms of von Neumann
boundary conditions,

i
9z | =1

k,dP
=L = = - (26)
“ed n l?Z

=Ly

= 0 l = Hz, Oz,HzO. (27)

cm

The pressure and the ionic potential are taken as continuous across
the catalyst layer/membrane interface.

All the outside walls enclosing the fuel cell are assumed imper-
meable to the flux of material or current, and hence, von Neumann
boundary conditions for the concentration and potential are used.
At the two outer walls of the channels, the no-slip assumption is
made about the fluid velocity and both y and z components are
taken as zero.

Method of Solution

Because of the difference in region widths (10 um wide cata-
lyst layer and 1 mm wide channel), and the difference between the
length (0.11 m) and the width, the working equations were scaled
to [0,1] in each region, both on the z- and y-axes. The resulting
dimensionless equations with the relevant boundary conditions
presented in the previous sections had to be solved simultaneously
and the set of coupled differential equations was solved numeri-
cally using FEMLAB®, a MATLAB®-based software specifically de-
signed for chemical engineering modeling. It uses the variational
finite element method (FEM) with triangular meshing, and a
choice of basis functions (linear, quadratic, cubic, or quartic) ac-
cording to the complexity of each problem. For the above simu-
lations, the GMRES iterative solver with incomplete lower and up-
per (LU) (UMFPACK) as a preconditioner was used [22-24]. The
mesh comprised triangular quadratic Lagrangian elements with
node points at the corners and also at the midpoints of each side of
mesh triangles. For each of these nodes, there is one degree of
freedom and one basis function. The physical constants and pa-
rameters used in the model are detailed in Table 1.

Model Results and Validation Against Experimental
Data

We have previously reported developments in the current-
mapping technique [1-3], and its use in characterizing spatial
variations in current density along a single-channel PEFC. In this
study, current density distribution measurements made using these
techniques on a single-channel flow geometry are used to validate
the model reported above.

Experimental Method and Procedure. Although full experi-
mental details have been published previously [1], it is beneficial
to give a brief description that will allow differences between the
actual measurements and the simulation results to be determined.

Current density measurements are made at the interface with
the gas diffusion layer (GDL) using an array of contacts fabricated
using the printed circuit board (PCB) approach, similar to that of
Cleghorn et al. [25]. The use of a PCB has several important
advantages: individual contacts can be designed with precise di-
mensions and can be in very close proximity to each other (as low
as 0.2 mm feature spacing); plated through hole (PTH) features
can be used to make the connection from the bottom to the top of
the board at any point across the surface; PCB material is easily
machined and compatible with the internal environment of the
fuel cell; PTH contacts can be used to install a separate sense

340 / Vol. 4, AUGUST 2007

Table 1

Physical constants and parameters used in the model

Quantity

Value

Membrane thickness

Anode/cathode diffuser thickness

Cell length

Anode/cathode catalyst layer thickness
Anode/cathode channel width

Reference pressure, P

Temperature, T

ITonic conductivity, k

Charge of fixed (sulfonate) species, z;

Fixed charge concentration, cr

Dissolved oxygen diffusivity, Do,

Dissolved hydrogen diffusivity, Dy,
Electrokinetic permeability, kq,

Hydraulic permeability, kp

Pore-water viscosity, u,,

Pore- water density, p,,

Henry’s constant for O,, Ho,

Henry’s constant for H,, HHz

Anodic exchange current density, jg .,
Cathodic exchange current density, jg
Agglomerate radius,R, g

Available active surface area per unit volume
of the catalyst layer, S,qq

Reference concentration of hydrogen, ¢
Reference concentration of oxygen, ¢!
Electronic conductivity, o

ref

0.00012 m [1]
0.00015 m [1]
0.11 m[1]
0.00001 m [1]
0.0001 m [1]
1.01325 X 10° Pa
353 K
3.37 Q' m [27,28]
~1[14]
1.2X10° mol m™ [14]
12X1070 m2 57! [14]
259X 10710 m? 5! [15]
113X 107° m? [15]
1.8 10718 m2 [15]
8.91X 107 Pas [4]
54X 10% mol m™ [4]
3.2X 10* Pam? mol™!
3.9 X 10* Pam? mol™!
1.0X 105 A m~2 [15,29]
1.0 Am2[15,29]
1.0X 107 m
1.0X 10" m™!

1200 mol m~3 [15,30]
3.39 mol m=3 [15,30]
100 Q' m~' [14,31]

Diffuser hydraulic permeability in water 1.0X 10716 m2
pores,” kp,,

Volume fraction of membrane in the 0.5 [14]
catalyst layer,

Ememb

Diffuser layer porosity, & 0.75 [1]
Anodic and cathodic transfer coefficient, 0.5 [14]

“This is an interpolated value from data found in the literature.

contact associated with each current collector to compensate for
lead, connect, and contact resistance; each contact is gold plated
to reduce contact resistance and improve corrosion resistance; and
the dimension of each current contact can be reduced to the order
of 2 mm.

Each contact is associated with its own load circuit; this is
effectively a high current potentiostat. By using the sense contact
associated with each current contact, the load circuit can compen-
sate for all electrical losses and accurately set the same potential
at the point at which each electrode makes contact with the GDL.
The set potential of each contact is generated from a single source
and sent to each electronic load. To ensure minimal lateral current
flow between adjacent contacts, the deviation in the set potential
at the contact with the GDL must be < 100 wV. Since the current
measurement is being made on an isopotential surface, segmenta-
tion of the membrane electrode assembly (MEA) is not necessary.
The electronics used make the system equally applicable to the
study of the anode or cathode with minimal reconfiguration re-
quired. This system can be tailored to study most types of flow-
field features and can be applied to “off-the-shelf” MEAs without
any modifications or detriment to the components. Associating
each contact with its own electronic load allows real-time data
collection to be achieved [1] and, with minimal adaptation, the
system can be configured to allow localized impedance measure-
ments [2] and conductivity mapping [26].

To achieve model validation, current mapping experiments
were performed on the cathode side of a single-channel PEFC of
various channel widths, at different reactant flow rates, and over a
range of operating cell voltages. The fuel side was operated in
cross-flow mode, with a very high stoichiometric excess of hydro-
gen used to ensure that there were no limitations in anode perfor-
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mance as a function of position along the channel. The operating
conditions investigated were chosen to represent significantly dif-
ferent modes of operation of the fuel cell, ranging from high sto-
ichiometry (A—20) to low stoichiometry values (A—1.01). The cell
potential ranged from low load (ca.0.7 V) close to the typical
operating voltage of a cell, down to high load (ca.0.3 V) repre-
senting an inefficient mode of operation in a range characterized
by mass transport limitation and high Ohmic losses.

The channel widths investigated were 0.5 mm, 1 mm, and
2 mm, at air flow rates of 50 cm’min~!, 30 cm® min~!,
20 ecm® min~!, 10 cm® min~' and 5 cm® min~!. Given the large
amount of data generated, only a sample of these results will be
used for comparison with model prediction.

There are various sources of error associated with the current
distribution measurements that should be noted. First, lateral cur-
rent flow from a region outside the local sampling zone can lead
to larger currents being measured at the expense of a lower current
measured within the sampling zone from where the lateral current
originated. This can lead to a “zigzagging” effect on the current
distribution. This is seen, to a certain extent, in the experimental
results but does not influence the general trend of the current
distribution. Electrical noise can lead to some instability in the
current distribution; however, this interference can be brought to
an acceptable level using signal averaging. Variations in the physi-
cal properties of the MEA caused by changes over time or manu-
facturing inconsistencies can lead to current density variations that
are not a result of the operating conditions of the fuel cell and are
not accounted for in the model. We have used the current mapping
technique to identify current variations caused by such factors [1].
Membrane dehydration can lead to current variations, which are
not as yet accounted for in the model; this is most likely to affect
the early portions of the channel when operating at higher reactant
flow rates. Using localized conductivity measurements, the state
of the membrane hydration has been investigated using this same
technique [26].

Values of current are reported as Amperes per centimeters to the
—2, with the area to which each local current is scaled corresponds
to the area of the channel for that portion of the fuel cell. Since a
certain amount of reactant diffusion will occur to catalyst sites
laterally away from the channel area, experimental values of cur-
rent density will appear to be higher than those reported in fuel
cells, which have a flow field that covers the entire surface of the
MEA. However, as demonstrated by Kornyshev and Kulikovsky
[27], when a fuel cell is operating under a moderate load, the
reactant distribution and current generated is largely confined to
the open area of the fluid flow channel.

Predicted Current, Concentration, and Pressure Profiles.
The results are presented in three sections. In the first section,
figures illustrating the profiles of system variables are presented
for different cell voltages using the constants, conditions, and cell
geometry reported in Table 1. In the second section, graphs com-
paring experimental and model results for different flow rates and
inlet channel widths are presented. Finally, localized polarization
plots from both model and experiment are compared. It should be
noted that, because of the anisotropic scaling, the widths of the
different regions, as well as the length of the cell, are reported as
unity, with the length being elongated to illustrate the along-the-
channel dimension.

Figure 2(a) illustrates the ionic current density midway between
the channel inlet and outlet (i.e., in the z direction at y=H/2) for
cell voltages of 0.4 V, 0.6 V, and 0.8 V. As can be seen, due to
the fast hydrogen reaction kinetics in the anode catalyst layer, the
current rises rapidly in the vicinity of the anode/membrane inter-
face, whereas in the cathode the rise of the ionic current is dis-
tributed more evenly across the catalyst layer. Figure 2(b) shows
the corresponding distribution of electronic current density. In the
anode catalyst layer, the majority of the anode reaction occurs
close to the membrane, due to the effect of high conductivity in
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Fig. 2 Predicted current density across the middle of the cell
(y=H/2) for various cell voltages: -[1- 0.8 V, -0—- 0.6 V, —A—
0.4 V, under the conditions detailed in Table 1: (a) ionic current
density and (b) electronic current density

the electronically conducting phase coupled with fast reaction ki-
netics. Similar behavior is observed in the cathode, but the reac-
tion zone is more evenly distributed due to the slower reaction
kinetics.

Figure 3 shows the variation in ionic current density along the
middle of the membrane (in the y direction) for different cell
voltages. As expected, the current density at the channel inlet
increases with decreasing cell voltage but decreases with distance
along the channel due to reactant depletion. In the case of a 0.4 V
cell voltage, the current density is substantially lower close to the
outlet as a result of reactant depletion near the inlet. The flow rate
in the channel was kept constant and the same in all three cases.

Figure 4 shows the distribution of the ionic potential in the
ionically conducting phase across the middle of the cell (i.e., the z
direction at y=H/2) for different cell voltages. There is a signifi-
cant potential drop across the membrane, reflecting its relatively
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Fig. 3 Predicted ionic current density along the middle of the
membrane (z=L/2) for different cell voltages: -[1- 0.8 V, =0 —
0.6 V, —A— 0.4 V, under the conditions detailed in Table 1
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Fig. 4 Predicted ionic potential across the middle of the cell
(y=HI/?2) for various cell voltages: -(1- 0.8 V, -0—- 0.6 V, —A—
0.4 V, under the conditions detailed in Table 1

low conductivity. This potential gradient drives the transfer of
protons from the anode to the cathode and, as expected, increases
as the current density increases.

Figure 5 shows the variation in the mole fraction of hydrogen
down the anode channel (in the y direction) for different cell
voltages. It is assumed that the inlet stream comprises 60% hy-
drogen and 40% water, being representative of an average fuel
composition within a PEFC stack. At high cell voltages and,
hence, low current densities, the utilization of the reactants is
much smaller than at low cell voltages, for a given reactant flow
rate. Figure 5 also shows the mole fraction of oxygen in the inlet
channel of the cathode. The cathode feed is assumed to be air
comprising 21% oxygen and 79% nitrogen. The flow rate was
kept constant and equal to that in the anode.

Figure 6(a) shows the pressure profile for different cell volt-
ages. The flow rate in the channel in all three cases is the same.
Figure 6(b) shows the hydraulic pressure across the middle of the
cell for various cell voltages, and it is clear that the higher the
current density the higher the hydraulic pressure increase in the
cathode.

Model Validation. In this section, three case studies are used to
explore the agreement between model and experiment for a range
of oxygen utilizations using a variety of channel widths, airflow
rates, and cell voltages. The first, illustrated in Fig. 7(a), shows
the comparison between experimental and model results for a
1 mm channel width using 30 cm® min! airflow rate at a cell
voltage of 0.8 V. The current distribution is almost uniform and
varies little with distance along the channel, as the high flow rate
combined with the high cell voltage does not lead to significant
oxygen depletion, and good agreement between experiment and
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Fig. 5 Predicted hydrogen and oxygen mole fraction down the
centre of the channels at different cell voltages: -[1- 0.8 V, -0 —
0.6 V, —A- 0.4 V, under the conditions detailed in Table 1
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Fig. 6 Predicted pressure profile across the middle of the cell
(y=H/2) at different cell voltages: -[1— 0.8 V, -0—- 0.6 V, —A—
0.4 V, under the conditions detailed in Table 1: (a) reactant gas
pressure and (b) hydraulic liquid water pressure

the model can be observed.

The next case presented in Fig. 7(b) is for a 2 mm channel
width and 20 cm® min~! airflow rate at a cell voltage of 0.5 V.
Here, it can be seen that, because of the lower cell voltage, greater
current density, and the wider channel, a larger current is seen at
the start of the channel, with a rapid decay to zero toward the exit
due to oxygen depletion. A reasonable agreement is obtained be-
tween experiment and model, with the disparity between the two
at the immediate entry to the channel probably being due to lo-
calized membrane dehydration, which is not accounted for in the
model.

The final case presented in Fig. 7(c) is for 0.5 mm channel
width and 10 cm® min~! airflow rate at a cell voltage of 0.3 V.
Here, the initial current density at the inlet is high due to the low
cell voltage, but soon after, it starts to fall and, after 80% of the
channel length, the current falls to near zero as a result of the
oxygen depletion. Again, the model gives good agreement with
the experimental trends.

Overall, the results show very good agreement between experi-
ment and model, particularly in the cases where reactant concen-
tration falls and the current is small. The strong agreement be-
tween model and experiment at high utilization suggest that the
model provides a good description of reactant depletion and mass
transport effects. However, there is some disparity near the chan-
nel inlet, indicating the importance of factors such as membrane
hydration, which are not yet accounted for in the model.

Thus far, experimental data have been compared to the model
predictions for the length of the channel at discrete potentials.
However, use of the current mapping technique also allows the
model output to be validated against localized polarization plots,
and here we report comparisons at the beginning (0.0065 m; y”
=0.06), middle (0.055 m; y*=0.5), and end (0.0975 m; y"=0.89)
of the channel. It should be noted that the range of the experimen-
tal data lies between 0.8 V and 0.1 V, whereas the calculated data
range is between 0.8 V and 0.2 V. Furthermore, experimental data
were obtained every 20 mV as opposed to every 100 mV with the
model. Figure 8 shows the polarization plots at the beginning,
middle, and end of the cell for an airflow rate of 10 cm® min~! and
a channel width of 1 mm.

By comparison of these localized responses to the overall po-
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Fig. 7 Comparison between experimental and calculated cur-
rent density on the cathode side of: (a) 1 mm wide single chan-
nel PEFC, with a 30 cm® min airflow rate at a cell voltage of
0.8 V; (b) 2 mm wide single-channel PEFC, with a 20 cm® min-!
airflow rate at a cell voltage of 0.5 V; (¢) 0.5 mm wide single-
channel PEFC, with a 10 cm® min~' flow rate at a cell voltage of
0.3V

larization plot for the whole single-channel PEFC (which have
been previously reported [1]), it is evident that the localized po-
larization plots are not of the same form as the average bulk
response. In particular, the mass transport limiting current can
form a maximum and, subsequently, decrease with increasing
overpotential. Such a response may, on first inspection, seem
counter intuitive; this could be construed to imply that for a given
current density, the cell can exist at two different potentials. How-
ever, it must be remembered these are localized responses that
will be influenced by the upstream consumption of oxygen. Since
air entering at the start of the channel will be continuously de-
pleted of oxygen as it traverses the channel, the supply of reactant
downstream of a given point will be dynamically affected by the
amount of reactant consumed at that point, which in turn is deter-
mined by the load on the cell. Therefore, the only part of a fuel
cell where the performance is entirely governed by the amount of
reactant feed is at the entrance of the cell, before any reactant has
been consumed. This mode of behavior has previously also been
identified using fuel cell localized electrochemical impedance
spectroscopy (FCLEIS) [2].

It can be seen that there is robust agreement between the mea-
sured data and that predicted by the model, particularly in Figs.
8(b) and 8(c), showing the ability of the model to accurately pre-
dict mass transfer limitations within the channel. The agreement is
less well defined in Fig. 8(a), a condition where the reactant uti-
lization is not high, showing that further work is needed to fully
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Fig. 8 Predicted and measured cathode polarization plots in
the single-channel PEFC for an airflow rate of 10 cm® min-' and
a channel width of 1 mm: (a) at the beginning (0.0065 m) of the
channel, (b) at the middle (0.05 m) of the channel, and (c) at the
end (0.0975 m) of the channel

describe this region of the fuel cell.

The model prediction of the local polarization response and its
agreement with the experimental data is compelling evidence for
the validity of the model. To our knowledge, we have been the
first to report the existence of the current inversion characteristic
in the localized current response under conditions of reactant star-
vation. The model accurately predicts this feature giving credence
to the model and endorsing our interpretation of the feature as
being due to reactant starvation.

Conclusions

In this paper, the equations constituting the two-dimensional
numerical PEFC model have been presented, as well as model
results showing the behavior of system variables under different
load conditions. The model allows for parameters relating both to
the microstructure and macrostructure of the cell, and is also
modular to allow for a variety of case studies and geometries to be
examined, giving good insight into fuel cell structure and opera-
tion. The model results have been compared to experimental data
on a single-channel PEFC obtained using current-mapping tech-
niques, which showed good agreement between modeling and ex-
perimental results for a variety of operating conditions and cell
geometries tested in this study.
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