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Comprehensive Study of Steam
Reforming of Methane in
Membrane Reactors
A 2D model and heat transfer mechanism are proposed to analyze and study oxidative
steam reforming of methane (OSRM) in a membrane reactor. The model describes mass
and thermal dispersions for gas and solid phases. It also accounts for transport through
the membrane. The effects of operating parameters on methane conversion and H2 yield
are analyzed. The parameters considered are the bed temperature (800–1100 K), molar
oxygen-to-carbon ratio (0.0–0.5), and steam-to-carbon ratio (1–4). The results show that
our model prevents overestimation and provides valuable additional information about
temperature and concentration gradients in membrane reactor which is not available in
a simple one-dimensional approach. Simulation results show that large temperature and
concentration gradients cannot be avoided. The particle properties and the bed diameter
have a considerable effect on the extent of gas mixing. Effective gas mixing coefficient
also increases with increasing gas and solid velocity. In membrane reactor, simulation
results show that mixing which depends on operational and design parameters has a
strong effect on the hydrogen conversion. Also, the removal of hydrogen with membranes
breaks equilibrium barrier leading to efficient production of hydrogen, reduced reactor
size, and tube lengths. The model can be used in real-time simulation of industrial reac-
tors for control and optimization purposes. [DOI: 10.1115/1.4032733]
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1 Introduction

Hydrogen is a clean energy source which can be produced from
methane via catalytic reactions. Steam reforming of methane
(SRM) is currently a well-established technology and has been the
most important industrial process for the production of hydrogen
and synthesis gas (syngas, COþH2) as feedstock for the manu-
facture of methanol, ammonia, and other valuable chemicals [1].
Reforming reactions take place at high temperatures
(1000–1300 K) in the presence of a metal-based catalyst (nickel),
converting large amounts of CH4 to a mixture of H2 and CO. This
requires substantial heat and complicated reactor design [2].

The fuel consumption rate is typically between 30% and 50%
of the feed rate. A typical industrial steam reformer may contain
40–400 tubes surrounded by huge external furnaces. Tube diame-
ter may vary from 70 to 160 mm while wall thickness of tubes
varies from 10 to 20 mm. Depending on the type of furnace,
heated length also varies from 6 to 12 m [3,4]. Long tubes are
needed to achieve the associated fuel reforming thermodynamic
limit [5]. Also, conventional reformers generally made of expen-
sive alloys are limited by design temperature and creep rupture
strength. Slight increase in the reactor wall temperature may result
in a serious decline in the expected tube lifetime. This phenom-
enon is called heat transfer limitation [6]. For this purpose, auto-
thermal reforming (ATR) has gained importance. In ATR, total
oxidation and steam reforming are carried out simultaneously
where the heat produced in exothermic partial oxidation is used in
endothermic steam reforming. Since heat is generated inside the
reactor, the system operates autothermally. Thus, H2 production is
higher per kilogram of catalyst in comparison to steam reforming,
and the product composition can be controlled by changing CH4/
O2/H2O ratios.

Due to endothermic nature of steam reforming, CH4 conversion
and H2 yield increase with temperature. On the other hand, carbon
formation increases with increase in temperature, leading to cata-
lyst deactivation and blockage of the reformer [7]. However, the
maximum yield and conversion that can be attained in conven-
tional packed beds are limited owing to the thermodynamic
reversibility of the SRM reactions. Membrane technology can be
used for H2 separation to drive the reaction beyond the normal
thermodynamic equilibrium for the same temperature, pressure,
and steam/methane feed rates. Especially, palladium-based mem-
branes offer a promising method for extracting hydrogen from
syngas [8].

The movement of solid particles within a fluidized bed reactor
limits the net amount of carbon formation by recirculating the cat-
alyst to the oxygen-rich zones of the bed, and the interparticle
mass transfer resistance is negligible in the high mass flow rate
conditions [9]. The temperature uniformity offered by a fast fluid-
ized bed is also advantageous because it reduces thermal stresses
on the membrane material. In a fast fluidized bed membrane reac-
tor, methane conversion and the total removal rate of hydrogen
increase with reactor pressure, contrary to the conventional fixed
bed reactors. At higher pressures, water–gas shift reaction may
consume all CO and produce CO2 and H2. However, due to pro-
duction cost and use of hydrogen fuel cells for versatile applica-
tions, processes with cheaper initial cost had to be developed. For
efficient hydrogen production, conventional fixed bed reformers
should be modified in four major areas:

� improve the catalyst to overcome deactivation and diffusion
limitation

� separate the hydrogen using membrane technology
� change the reactor operation from packed bed to fluidized

bed
� operate reactor autothermally (with oxygen or air)

In this work, OSRM in a fast fluidized bed membrane reactor is
studied for overcoming thermodynamic equilibrium limits leading
to higher efficiency in H2 production. A 2D mathematical model
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for reactors is developed to investigate the effects of operating
parameters on methane conversion and H2 yield in OSRM. The
parameters considered are the bed temperature (800–1100 K),
molar oxygen-to-carbon ratio (O/C¼ 0.0–0.5), and steam-to-
carbon ratio (S/C¼ 1–4).

2 Mathematical Model

A working mathematical model that could aid to further under-
stand the performance of the reactor is developed. The computa-
tional model is developed to investigate the performance of fast
fluidized bed membrane reactors to increase efficiency of hydro-
gen production. The reactor is considered as pseudo-
homogeneous to simplify the problem of accounting for the two
phases in the flow. This essentially means that the catalyst mass is
assumed to be uniformly distributed throughout the fluidized bed.
A simplified two-dimensional diffusion-reaction model is chosen
to take into account the radial heat and mass dispersion due to gas
flow through membrane. It also includes the coupling of steam
reforming and oxidative reforming of methane. Model validation
has been performed against experimental reaction data. The fol-
lowing assumptions are made:

(i) Gases are incompressible and obey the ideal gas law.
(ii) The slip between the solid and gas phases is negligible.

(iii) Solid fraction is constant in axial and radial directions.
(iv) The membrane permeates hydrogen only.
(v) Permeating gases are in plug flow.

(vi) Due to the large mass flow ratio of catalyst to gas, cata-
lyst deactivation is negligible.

(vii) The internal diffusional resistance of the catalyst particles
is negligible.

(viii) Kinetic and pressure terms in the energy equation are
negligible.

(ix) The effect of viscous heating is negligible.
(x) The heat capacities of the components are constant.

(xi) Thermal radiation is not considered.

2.1 Reaction Kinetic Model. Xu and Froment [10] devel-
oped rate expressions based on the Langmuir–Hinshelwood–

Hougen–Watson approach after experiments done at temperatures
above 500 �C. This model considered a 13-step reaction scheme
of which three are rate determining. Jin et al. [11] assumed that
the partial oxidation of methane to synthesis gas does not occur as
an elementary reaction step; it contains steam reforming, dry
reforming of CH4, and total oxidation of CH4. This reaction mech-
anism is widely accepted. The model can be operable under steam
reforming and ATR conditions. Thus, the reactions considered in
the model are composed of SRM from Xu and Froment [10] and
partial oxidation of methane from Jin et al. [11]. Table 1 summa-
rizes the main reactions and assumed kinetics.

Here, rj is the rate of reaction, kj is the reaction rate constant, Kj

is the equilibrium constant of reaction j (j¼ 1–6), Ki is the adsorp-
tion constant, and Pi is the partial pressure of species i (i¼CH4,
H2O, etc). The partial pressure of each component at any point in
the reactor can be calculated as Pi ¼ PtCi=Ct. The kinetic data are
shown in Tables 2 and 3 as kj ¼ koje

�Ej=RT and Ki ¼ Koie
�DHi=RT .

2.2 Governing Equations. The model developed is typically
comprised of conservation equations in the gas and the solid
phases. To account for the local mixing, membrane effects, and
nonideal flow characteristics, 2D reactor model is found to be
more appropriate than 1D. Part of the model equations which can
also be used for fixed bed reactors is given below. Transport coef-
ficients and thermophysical properties are continuously evaluated
using well-established correlations and methods. The set of equa-
tions are solved via finite-difference techniques, and a small
amount of the results is presented below.

Table 1 Reactions and rate equations

Reaction Heat of reaction Kinetic rate equation References

CH4þH2O! COþ 3H2 DH
�

298 ¼ 206:2
r1 ¼ k1

PCH4
PH2O

P2;5
H2

� PCOP0;5
H2

K1

� �
=DEN2 [7]

COþH2O! CO2þH2 DH
�
298 ¼ �41:2 r2 ¼ k2

PCOPH2O

PH2

� PCO2

K2

� �
=DEN2 [7]

CH4þ 2H2O! CO2þ 4H2 DH
�
298 ¼ 165

r3 ¼ k3

PCH4
P2

H2O

P3;5
H2

� PCO2
P0;5

H2

K2K1

� �
=DEN2 [7]

CH4þ 2O2! CO2þ 2H2O DH
�
298 ¼ �802:7 r4 ¼ k4PCH4

PO2
[8]

CH4þCO2! 2COþ 2H2 DH
�

298 ¼ 246:9
r5 ¼ k5PCH4

PCO2
1� P2

CO
P2

H2

K5PCH4
PCO2

� �
[8]

Note: DEN ¼ 1þ KCOPCO þ KH2
PH2
þ KCH4

PCH4
þ KH2OPH2O=PH2 .

Table 2 Arrhenius kinetic parameters and reaction equilibrium constants

Reaction, j Equilibrium constant Pre-exponential factor Activation energy (kJ/mol)

1 e�26830/Tþ30.114 1.17� 1015 240.1
2 e4400/T�4.036 5.43� 105 67.13
3 2.83� 1014 243.9
4 3.96� 107 166.0
5 e�30782/Tþ42.97 8.71� 10�2 23.7

Table 3 van’t Hoff parameters for species adsorption

Reaction rate
constant

Pre-exponential
factor

Adsorption
enthalpy (kJ/mol)

KCH4
(bar�1) 6.65� 10�4 �38.28

KCO (bar�1) 8.23� 10�5 �70.65
KH2O (bar) 1.77� 105 88.68
KH2

(bar�1) 6.12� 10�11 �82.90
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Material and energy balances in gas phase are given by

e
@Ci

@t
¼ Di

@2Ci

@r2
þ 1

r

@Ci

@r
þ @

2Ci

@z2

� �
� u

@Ci

@z
þ hDi

Scat Csi � Cið Þ

(1)

eqgcpg
@Tg

@t
¼ �uqgcpg

@Tg

@z
þ Shhpg T � Tgð Þ (2)

Material and energy balances in solid phase

qbcpp
@T

@t
¼ kpp

@2T

@r2
þ 1

r

@T

@r
þ @

2T

@z2

� �
� uqpcpp

@T

@z

þ Shhpg Tg � Tð Þ þ qp

X4

j¼1

�DHjgjRj

� �
(3)

qcatri ¼ hDi
ScatðCsi � CiÞ (4)

Momentum balance [12]

@P

@z
¼ �

150lg 1� ebð Þ2

d2
pe

3
b

u�
1:75 1� ebð Þqg

dpe3
b

u2 (5)

Variation of superficial velocity

u ¼ RT

PA

XN

i¼1

Fi (6)

For dense palladium membrane, the rate of hydrogen permeation
is [13]

JH2
¼ � 7:21 10�2

dH2

exp
�15700

RT

� � ffiffiffiffiffiffiffiffiffi
qH2;r

p � ffiffiffiffiffiffiffiffiffi
qH2;p

p� �
(7)

The equations given above are solved for a reactor of 2 m length
and 8 cm diameter. H2 membranes are placed at the exterior reac-
tor surfaces (see Fig. 1). Inlet gas flow rates of methane, water
steam, carbon monoxide, and hydrogen are, respectively, 3, 12,
0.5, and 0.5 kmol/hr. But simulations are made for different
steam–carbon and oxygen–carbon ratios at various temperatures
and pressures. The catalyst and gas temperatures are initially
equal to the feed temperature at the start-up conditions. The initial
and boundary conditions are set as follows:

at t ¼ 0
T ¼ T0

Cs ¼ Cs0

at z ¼ 0 and

8<
:

t > 0

Tg ¼ Tin
g

Ci ¼ Cin
i

P ¼ Pin

uin ¼
RTin

Pin

XN

i¼1

Fiin

at z ¼ L and t > 0

@Ci

@z
¼ 0

@Tg

@z
¼ 0

8>>><
>>>:

8>>>>>>>>>><
>>>>>>>>>>:

(8)

at r ¼ 0

@Ci

@r
¼ 0

@Tg

@r
¼ 0

at r ¼ R

@Cgi

@r
¼ 0 except for hydrogen

DH2

@CH2

@r
¼ JH2

for hydrogen

kpp þ kgð Þ
@T

@r
¼/ T� Tað Þ

8>>>>>>>>><
>>>>>>>>>:

8>>>>>>>>><
>>>>>>>>>:

(9)

2.3 Heat and Mass Transfer Coefficients. A number of
mechanistic models have been proposed to describe the particle
convective component and explain the nature of heat transfer at
the walls. These models can be classified into three groups: con-
tinuous film models, cluster renewal models, and single particle
models [14]. Congregation of solid particles into clusters is a
major characteristic of most circulating fluidized beds.

The heat transfer model and its parameters especially are
selected to apply to the fast fluidized regime but some aspects of
the model are appropriate for other fluidization regimes. Heat
transfer model for fluidized bed involves three mechanisms: (1)
convection between gas and particles, (2) conduction between
particles, and (3) both convection and conduction between
gas–solid suspension and reactor walls.

In homogeneous gas–particle systems, Rowe et al. [15] sug-
gested an equation for heat transfer coefficient between gas and
particles as

hpg ¼ 2ec
kg

dp
þ 0:69

kg

dp

usdppg

elg

 !1=2
cpglg

kg

� �1=3

(10)

Mass transfer coefficient between particle and gas

hD ¼ 2ec
D

dp
þ 0:69

D

dp

usdppf

elg

 !1=2
cpglg

kg

� �1=3

(11)

The thermal conductivity of gas and particles in a homogeneous
system is approximated by Hastaoglu et al. [16], and the effective
thermal conductivity is

kpp ¼ ð1� eÞ2kp þ e2kg (12)

Overall heat transfer coefficient a through the reformer wall is
determined from

1

a
¼ 1

hwi
þ b

k
þ 1

hw0

(13)

The descent of these clusters takes place primarily in the
gas–solid wall layer adjacent to the reactor wall. So, the overall
heat transfer coefficient may be expressed as a function of time-
average fraction of the wall covered by clusters as [17]

f ¼ 1� exp �4300 1� eð Þ1:39 dp

L

� �0:22
" #

(14)

Heat transfer coefficient from a cluster may be obtained by adding
the contact resistance and the transient conduction resistance to a
cluster of particles calculated independently. The combination of
cluster convection, gas-gap conduction, and the dispersed phase
convection heat transfer coefficients is given below

hwi ¼ f
1

hcw
þ 1

hce

� ��1

þ 1� fð Þhd (15)
Fig. 1 A schematic representation of the reformer
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hwi ¼ f
dwdp

kg
þ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
ps

kppcppqp 1� eð Þ

s0
@

1
A
�1

þ 1� fð Þ0:023
kg

dp
Re0:8

D Pr0:3 (16)

Free convection heat transfer coefficient outside of the reactor
walls is determined from [18]

hw0 ¼
ka

d0

0:6þ 0:387 Ra1=6

1þ 0:559=Prð Þ9=16
h i8=27

8<
:

9=
;

2

(17)

The governing equations with initial and boundary conditions
combined with the heat and mass transfer coefficients are solved
for the temperature and gas concentrations along and across the
reactor using a finite-difference method. Since the partial pressure
of hydrogen is in the denominator, it is not possible to calculate
the rates of steam reforming reactions from Xu and Froment [10],
when there is no hydrogen in the feed. To overcome this problem,
a small amount of hydrogen is always considered to be present
in the feed for the purpose of simulation which would have
little impact on the overall performance of the reactor simulation.
Table 4 shows the operational parameters simulated.

The set of equations given above were discretized with explicit
finite-difference method and solved via explicit Euler integrator
with variable time step (max 1� 10�5). Mesh grid size is 20 mm
in radial and 20.2 mm in axial direction. Computational grid has 5
radial and 100 axial points with a total of 500 points. Also, we
have additional one-dimensional axial 100 points for membrane
side in order to integrate the collected hydrogen. However, the
number of grid points can easily be changed. Convergence criteria
were 1� 10�5 in terms of relative error. All the equations were
solved simultaneously, with other auxiliary equations.

2.4 Model Verification. The use of computational fluid
dynamics (CFD) software known as FLUENT for the purpose of
modeling transport phenomena and heat transfer within a given
geometry has become a common approach to solve transport
problems. To represent the geometry of the reformer, a two-
dimensional, axisymmetric flow is chosen. A number of assump-
tions are made to simplify the CFD model. The temperature and
porosity are assumed constant along the reactor and the membrane
is ignored. For verification of the model, the results of the model
simulations are compared with solutions obtained from FLUENT

and a model reported by Chen et al. [19], which are for the same
feed ratios and bed configurations at isothermal conditions.

The comparison of the model with the Chen model and CFD
model is shown in Fig. 2, where a consistency between all models
for higher bed temperatures is apparent. On the other hand, for
lower temperatures at which reaction rate is low, the direction of
reaction deviates and kinetics becomes highly nonlinear. As a
result, a deviation of the model from FLUENT-based model can be
observed clearly. The difference between the results of FLUENT and
developed models stems from the fact that a user-defined function
is developed and added to FLUENT for the calculation of reaction
kinetics. So, FLUENT model is based on the concept of ideal mix-
ing, especially at lower temperatures, to prevent local uniformities
of temperature and concentrations in the reactor. Thus, it is con-
cluded that FLUENT overestimated the results at lower temperatures
that are close to reaction equilibrium. However, the discrepancy
between three models is small. It is noted that other two models
have well mixing characteristic, so gas concentrations in each
region are equal at all radii. This work shows that there are always
concentration gradients at all radii. This is the reason why the
model underestimates hydrogen yield compared to other models.
Also, in fluidized bed chemical reactors, back-mixing of axial gas
can strongly decrease the conversion and selectivity.

3 Results and Discussion

In this section, the effects of membrane on composition of
gases, results of H2 yield and CH4 conversion are exhibited. The
feed temperature, oxygen-to-carbon ratio, and steam-to-carbon
ratio are varied. The methane conversion is defined as the total
moles of process methane converted per mole of process methane
fed, and the total hydrogen yield is defined as the total moles of
hydrogen produced per mole of process methane fed.

3.1 Effect of Feed Temperature. In order to investigate the
effects of membrane at various temperatures, the model is simu-
lated at several isothermal conditions (800, 900, 1000, and
1100 K). But bed temperature cannot be changed alone by keeping
all other variables constant. If superficial velocity is fixed, molar
flow rate of methane will change, and thus, contact time will devi-
ate. In this work, while molar flow rates are fixed, superficial
velocity varies due to gas law. The range of bed temperatures in
the analysis is 800–1100 K, which would vary superficial velocity
a little. But this change in superficial velocity affects the reactor
performance to some extent.

Because of endothermic nature of steam reforming, methane
conversion and hydrogen yield increased with temperature. But
maximum temperature studied is 1100 K at this work. At this tem-
perature, 97% of methane can be converted without membrane.
Also, the equilibrium constant of water–gas shift reaction is 1 at

Table 4 Reactor parameters and operating conditions used in
the model simulations

Reformer tube length (m) 2

Inside diameter of reformer tube (m) 0.08
Outside diameter of the reformer tube (m) 0.1
Solid fraction 0.1
Particle density (kg/m3) 2200
Particle diameter (m) 0.004
Temperature with steps of 100 (K) 800–1100
Pressure with steps of 5 atm (kPa) 506.5–1519.5
Gas velocity (m/s) 1.7
Steam-to-carbon ratio (S/C, mol/mol) 3
Diameter of hydrogen permeable membrane tubes (m) 0.0098
Thickness of palladium hydrogen membranes (lm) 20
Number of palladium hydrogen membranes 20
Pressure on the membrane side (kPa) 101
Sweep gas flow rate, N2 (mol/s) 0.2

Fig. 2 Verification of the model
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around 1100 K. Water–gas shift reaction describes the reaction of
CO and water vapor to form CO2 and H2 and determines the equi-
librium point of the reformer. The equilibrium constant of
water–gas shift reaction decreases with temperature. Beyond
1100 K, it will be reversed. So, the maximum CH4 conversion and
H2 yield can be achieved at this temperature. As shown in Fig. 3,
CH4 conversion increases with temperature and maximum CH4

conversion can be achieved at 1100 K.
The hydrogen permeability of the pure palladium membrane is

tested at various temperatures in literature. But there is no work
about selectivity performance of pure palladium membranes over
1100 K. However, some publications indicate that carbon and
oxygen solubility in palladium increases with temperature which
is close to the hydrogen solubility. We have no data about the sta-
bility and performance of palladium membranes for their effec-
tiveness in hydrogen separation beyond this temperature. Figure 3
also shows that CO/CO2 ratio increases with temperature. The
direction of the water gas shift reaction changed from CO2 to CO
production when the temperature is increased. Dashed H2 line in
Fig. 3(b) shows collected hydrogen at membrane side.

Figure 4 demonstrates temperature effect on H2 yield and CH4

conversion along the reactor with and without membrane. The iso-
thermal operation mode represents an idealized situation but tem-
perature effect on reactor performance can be seen clearly. The
dashed lines in figures show the cases with membrane. More
hydrogen is extracted via membrane, and thus, the reforming reac-
tions shift to give more products including hydrogen [20]. As may
be seen from these figures, hydrogen membrane has a pronounced
effect on methane conversion and total yield of hydrogen. Another
positive effect of temperature on productivity is that hydrogen
membrane permeability increases with increasing temperature.
Because of this, the reaction shifts to the product side. As seen in

Fig. 4, the variations of concentrations of components are sharp
only at the entrance of the reactor (about 4%), after that, they vary
more slowly. Composition of the gas stream reaches near equilib-
rium at the end of the bed.

It can be seen in Fig. 5(a) that the reactor temperature decreases
as the conversion rate increases. Consequently, the reactor tem-
perature profile becomes unfavorable. Figure 5(b) shows that H2

yield decreases compared to isothermal case. This is expected and
can be explained by an increase in the endothermic steam methane
reforming. If steam reforming increases, it can reduce the temper-
ature and decrease hydrogen yield and reaction rates. As discussed
in the isothermal simulations above, the removal of hydrogen with
membranes breaks the thermodynamic equilibrium barrier. But
from the point of catalyst stability, these large temperature gra-
dients are undesirable.

Adiabatic reactor performance in terms of H2 yield in the
exhaust is comparable to the isothermal operation mode, because
H2 permeation is comparable in these cases. Nevertheless, the
simulation results show that large temperature gradients cannot be
avoided, not even with an infinitely high sweep gas rate. To avoid
large temperature gradients over the membrane, the membrane
should not be placed at sections close to the reactor inlet.

Without H2 membranes, the total yield H2 decreases as the
reaction pressure increases due to the increase of number of mole-
cules in SRM. But when membranes are used, total yield of
hydrogen at high pressure is higher than cases at low reaction
pressure, as seen in Fig. 6.

3.2 Effect of Oxygen-to-Carbon and Steam-to-Carbon
Ratios. By introducing oxygen to the reactant feed with methane,
the large axial temperature gradients can be minimized. The oxy-
gen feed will eventually lead to (hydrogen or methane) combus-
tion and, thus, the temperature increases. Also, significantly

Fig. 3 Exit composition versus temperature: (a) without mem-
brane and (b) with membrane. H2,MS is the membrane side
hydrogen.

Fig. 4 (a) Hydrogen yield and (b) methane conversion for the
cases with membranes and without for isothermal simulation
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higher average reactor temperature has consequences for overall
CH4 conversion and H2 production. This is because of higher
membrane permeability at higher temperatures. Obviously, when
the membrane permeability is increased, the reactor performance
is strongly enhanced.

Effect of feed ratio on the product gas distribution is analyzed
by changing only the oxygen amount and steam-to-carbon (S/C)
ratios while keeping other parameters the same. In Fig. 7, each

curve represents the change in H2 yield with steam-to-carbon ratio
for constant oxygen feed ratio. As can be seen, increasing O/C
over a certain extent (from 0 to 0.17 then 0.5) affects positively
the H2 output for all S/C ratios selected since the temperature pro-
file is more favorable, although more fuel is consumed in oxida-
tion reactions. Increasing S/C under isothermal/adiabatic
condition at constant feed temperature at 900 K and O/C for each
run increases the total yield of H2. This is because an increase in
S/C shifts the equilibrium to higher conversion.

3.3 Effect of Mixing. To characterize the gas in the dilute
region of a circulating fluidized bed, some authors have defined a
gas exchange coefficient between core and annulus, in a similar
way to that between the bubble and emulsion phase in bubbling
fluidized beds. This type of model assumes that the gas concentra-
tions in each region are equal at all radii, and the wall causes a
resistance to the gas diffusion [21]. This work is analyzed using a
dispersion model where radial mixing is a significant parameter
due to negligible back-mixing compared to the convective flow.

The gas concentrations and radial mixing cannot be measured
easily in fast fluidized beds because the mean residence times of
the gas in recent fluidized beds are 1 or 2 s. So, there are many
correlations for the prediction of the radial gas diffusion coeffi-
cient in the literature as a function of operating conditions (exter-
nal solid flux, air velocity, etc.) and the characteristics of the riser
[21–25]. Figure 8 shows the effect of radial flow dispersion coeffi-
cient on hydrogen yield.

Fig. 6 Hydrogen yield at different reaction pressures for the
cases with and without membranes for isothermal simulation

Fig. 7 Fuel conversion efficiency for the cases with and with-
out membranes at 900 K

Fig. 8 Effect of radial flow dispersion on hydrogen yield for
the cases with membranes

Fig. 5 (a) Temperature profile for the case with membrane for
adiabatic simulation at 1000 K and (b) hydrogen yield for the
cases with and without membranes for adiabatic simulations
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Membrane permeability leads to complete removal of all H2

produced at total conversion of CH4. High flux membranes lead to
more pronounced radial concentration profiles, and radial mixing
determines the concentration gradient. As shown in Fig. 8, at
lower dispersion coefficients, membrane effectiveness decreases
reducing the reactor performance, which justifies the use of 2D
modeling to prevent overestimation of the total hydrogen removal
rate. The concentration polarization decreases by increasing the
dispersion coefficient.

4 Conclusions

A two-dimensional heterogeneous reactor model has been suc-
cessfully developed and validated. The model, based on the
reforming kinetics, detailed mass, and energy balances, predicts
gas yields and temperature and concentration profiles. The
study considers five simultaneous chemical kinetic reactions and
seven species. The explicit finite-difference method is used to
solve the set of equations. The results are comparable to other
models.

It is shown that removal of hydrogen with membranes breaks
equilibrium barrier leading to efficient production of hydrogen,
reduced reactor size, and tube lengths. However, it increases
undesirable temperature gradients along the reactor, which are
detrimental to membrane and catalyst stability.

The maximum conversion and yield can be achieved at 1100 K,
because the overall reaction is exothermic below this temperature
and endothermic above it. Increasing the oxygen over a certain
extent positively affects the H2 output for all S/C ratios selected
since temperature profile is more favorable although more fuel is
being consumed in the oxidation reactions.

The performance of the membrane-reformer improves greatly
by including the mixing effects. Thus, 2D modeling is fairly justi-
fied. Additionally, the present model is clearer and easier to apply
in comparison to other 2D models.

Finally, the model developed can be used for membrane-reactor
design for similar systems. It can serve in real-time-on-line
simulation of industrial reactors for control and optimization
purposes.

Nomenclature

A ¼ reactor cross-sectional area (m2)
b ¼ wall thickness (m)

Ci, Csi ¼ concentration and its surface value (mol/m3)
cp ¼ heat capacity (J/kg K)
d ¼ reactor diameter (m)
D ¼ hydraulic diameter of bed (m)
Di ¼ gas diffusivity of species i (m2/s)
dp ¼ catalyst pellet diameter (m)

f ¼ time-average fraction of the wall covered
F ¼ gas flow rate (kmol/s)
h ¼ convective heat transfer coefficient (W/m2 K)

hD ¼ convective mass transfer coefficient (m/hr)
J ¼ membrane permeation flux (kmol/hr m2)
k ¼ thermal conductivity (W/m K)
L ¼ reactor length (m)

P, Pi ¼ total and partial pressures (bar)
Pr ¼ Prandtl number

r, z ¼ cylindrical coordinates
R ¼ gas constant (kJ/kmol K)

Rj, r ¼ conversion rate (kmol/kg cat�hr)
Ra ¼ Rayleigh number
Re ¼ Reynolds number

Scat ¼ catalyst specific area (m2/m3)
Sh ¼ heat transfer area per volume of bed (m2/m3)
T ¼ temperature (K)
u ¼ superficial velocity (m/s)

DH ¼ heat of reaction (kJ/kmol)

Greek Symbols

a ¼ overall wall heat transfer coefficient (W/K �m2)
d ¼ thickness of membrane (m)

dw ¼ dimensionless effective gas layer at the wall
e ¼ void fraction
g ¼ stoichiometric coefficient
l ¼ dynamic viscosity (kg/m s)
q ¼ density (kg/m3)
s ¼ dimensionless residence time

Subscripts

a ¼ ambient
b ¼ bed
c ¼ cluster

cat ¼ catalyst
ce ¼ effective cluster
cw ¼ gas layer

g ¼ gas
i, j ¼ gas and reaction index
i, o ¼ inner and outer, respectively

p ¼ catalyst particles
pp ¼ effective bed

r, m ¼ reactor and membrane side
t ¼ time

w ¼ wall
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