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� Different configurations were proposed to reach a high hydrogen recovery and purity.

� It is possible to maximize either the recovery or the purity at similar costs.

� Both metallic supports and ceramic supports were considered for Pd membranes.

� Systems with more membrane stages result in lower costs at higher purities.
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Hydrogen can be stored and distributed by injecting into existing natural grids, then, at the

user site separated and used in different applications. The conventional technology for

hydrogen separation is pressure swing adsorption (PSA). The recent NREL study showed

the extraction cost for separating hydrogen from a 10% H2 stream with a recovery of 80% is

around 3.3e8.3 US$/kg. In this document, new system configurations for low hydrogen

concentration separation from the natural gas grid by combining novel membrane-based

hybrid technologies will be described in detail. The focus of the manuscript will be on

the description of different configurations for the direct hydrogen separation, which

comprises a membrane module, a vacuum pump and an electrochemical hydrogen

compressor. These technological combinations bring substantial synergy effect of one-

another while improving the total hydrogen recovery, purity and total cost of hydrogen.

Simulation has been carried out for 17 different configurations; according to the results, a

configuration of two-stage membrane modules (in series) with a vacuum pump and an

electrochemical hydrogen compressor (EHC) shows highest hydrogen purity (99.9997%) for

25 kg/day of hydrogen production for low-pressure grid. However, this configuration shows

a higher electric consumption (configuration B) due to the additional mechanical

compressor between the two-stage membrane modules and the EHC. Whereas, when the

compressor is excluded, and a double skin Pd membrane (PdDS) module is used in a single-

stage while connected to a vacuum pump (configuration A5), the hydrogen purity (99.92%)
cci).
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slightly decreases yet the power consumption considerably improves (1.53 times lower).

Besides to these two complementary configurations, the combination of a single mem-

brane module, a vacuum pump and the electrochemical compressor has been also carried

out (configuration A) and results show that relatively higher purity can be achieved. Based

on four master configurations, this document presents a different novel hybrid system by

integrating two to three technologies for hydrogen purification combined in a way that

enhances the strengths of each of them.

© 2020 The Author(s). Published by Elsevier Ltd on behalf of Hydrogen Energy Publications

LLC. This is an open access article under the CC BY license (http://creativecommons.org/

licenses/by/4.0/).
Introduction

The consensus in hydrogen production from renewable en-

ergy sources (during off-peak hours), to be injected into

existing natural gas grids for initial (or long-term) storage and

subsequent use in a range of different applications (power

generation, heat provision, transport applications such as gas-

fuelled urban buses or passenger cars), has raised [1,2]. The

maximum hydrogen blend level is 5e20%, potentially even

25% depending on the gas grid infrastructure. Injecting the

green hydrogen into the gas grid offers several advantages,

such as sector coupling, gas decarbonization, energy storage

and easy distribution (with the existing infrastructure). The

maximum blend level of hydrogen into the gas grid varies

greatly across European countries; for instance, in Belgium

and UK up to 3% (and the last projects aim at 20%) while in

Netherlands and Germany up to 10e14% (in volume percent).

However, the main question here is how efficiently and at

what cost can the injected hydrogen be separated and purified

from the natural gas grid. Taking the Netherlands as a refer-

ence case, we proposed a novel system configuration for a 10%

H2 mixture separation with higher hydrogen recovery factor,

higher purity and lower energy consumption compared to the

existing commercially available technology.

The conventional technology for hydrogen separation is

pressure swing adsorption (PSA) [3,4]. This system is based on

sorbent material which is used to adsorb the non-hydrogen

component at elevated pressure. In such a system, the sepa-

rated and purified hydrogen is delivered at high pressure

while the non-hydrogen compound is discharged at lower

pressure. However, if the incoming gasmixture is from a high-

pressure stream (natural gas grid), the non-hydrogen stream

(NG) needs to be compressed to be sent back to the natural gas

grid. For that, twomechanical compressors are required in the

system. The first compressor is to reach the adsorption pres-

sure for separation of hydrogen while the second one is

necessary for compressing the natural gas back to the grid.

However, if we employ such a system for the separation of

hydrogen in relatively low concentrations from a hydrogen-

methane mixture, this system would require a substantial

amount of compression energy and compressor capital for the

reinjection of depleted hydrogen back to the grid. This makes

PSA technology quite uneconomical.

The PSA system works efficiently at large scale and higher

hydrogen concentrations, but if the hydrogen in the stream is
lower than 10%, the gas needs to be pressurized to a high

pressure ratio, whichmakes the PSA option inefficient [4]. The

PSA unit is sized as a function of the amount of impurities in

the gas mixture that needs to be purified. With low hydrogen

concentrations, the PSA units become very large. Besides, the

higher the adsorption pressure, the purer the hydrogen dis-

charged, but the larger the energy consumption required to

pressurize back to the grid (the non-hydrogen compound).

The recent NREL study showed the extraction cost for sepa-

rating hydrogen from a 10% H2 stream with a recovery of 80%

is up to 8.3 US$/kg for a recovery rate in the range between 100

and 1000 kg/day [5]. This report assesses only the separation

costs, while other costs such as injection and hydrogen losses

along the pipeline are not considered. The calculated energy

consumption for separation of 10% H2 concentration is

20 kWh/kgH2. The lower the hydrogen rate separated, the

higher the extraction costs expected. The hybrid technology

considered in this manuscript is for hydrogen separation of

25 kg/day, hence a hydrogen separation cost higher than 8.3

US$/kg will be considered when working with a PSA unit.

PSA units are commercially available in the market for

large scale systems, while for small scale units, the hydrogen

separation costs of such a system substantially increases. In

general, some of themain limitations of the PSA unit for small

scale hydrogen separation and purification from natural gas

are [6,7]:

� It is very energy intensive

� It is very expensive

� Needs an additional component, such as a compressor to

recompress the natural gas to the original natural gas grid

pressure (capital cost).

� Needs several separation columns to purify the low

hydrogen concentration (at least five)

� The efficiency is very low for small scale applications

Therefore, we are proposing an alternative technology that

offers better efficiency, lower costs, superior separation ability

for low concentration, easy scalability and simplicity. The

proposed configuration is described below along with the

main advantages of the configuration.

The work aims to propose different configurations for low

hydrogen concentration separation from the natural gas grid,

which combine two or more of these components: PdeAg

membrane, CMSM (carbon molecular sieve membrane), EHC

http://creativecommons.org/licenses/by/4.0/
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(electrochemical hydrogen compressor), vacuum pump and

TSA. The integration of TSA has been done only when sweep

gas is applied on the membrane permeate side. The TSA aims

is to further purify the hydrogen stream, removing the water

remaining in the permeate stream. The proposed configura-

tions have been analysed to study the hydrogen purity and

energy consumption. Finally, an economic evaluation was

carried out considering OPEX (operating expense) and CAPEX

(capital expense) costs. A sensitivity analysis was done based

on membrane type and support, permeate pressure, mem-

brane and EHC lifetime and sweep gas flow rate to optimize

the separation system.

The model described in previous work [8e11], which pre-

dicts the PdeAg membrane performance accounting for the

concentration polarization and mass transfer limitations has

been integrated in the Aspen simulation for a proper

description of the membrane unit of the hybrid technology.

The experimental results based on hydrogen permeance and

purity obtained on CMSM [12e15], have been adopted to

simulate the CMSM unit of the proposed technology. The EHC

model, proposed in previous studies [8,16], was integrated in

the simulation for the description of the compressor compo-

nent in each configuration.
Proposed configurations for hydrogen separation

Alternative novel hybrid configurations based on well-known

units (membrane, electrochemical hydrogen compressor,

vacuum pump and temperature swing adsorption unit) are

proposed for low hydrogen content separation from a natural

gas mixture. These technological combinations bring sub-

stantial synergy effects, while improving the total hydrogen

recovery, purity and reduce the total cost of hydrogen. The

main advantages of this novel concept are: high hydrogen

recovery, high purity, high efficiency, less energy consump-

tion, lower costs and easy scalability.

Two different membrane types have been considered for

the proposed configurations: ceramic supported PdeAg and

alumina composite carbon molecular sieve (Al-CMS) mem-

branes. The membrane unit is responsible for the first main

purification, especially in the case where two membrane

modules are used. The choice of the membrane type to be

used in amembranemodulemust consider both performance

and costs. PdeAgmembranes are highly selective to hydrogen

and allow the production of a pure hydrogen stream. How-

ever, these membranes suffer from H2 embrittlement at low

temperatures and high pressure as well as surface contami-

nation by sulphur-containing species, requiring cleaning

steps of the feed gas and high temperature during separation.

Furthermore, Pd is an expensive noble metal, which encour-

ages the search for cheaper solutions. Carbonmolecular sieve

membranes are becoming an alternative to the high costs of

PdeAgmembranes due to their much lower costs and the fact

that they can operate at low temperatures, where PdeAg

membranes suffer from instabilities or low permeabilities.

CMSM, composed of microporous, amorphous high-carbon

materials, have emerged as promising materials for the gas
separation applications because of their characteristics, such

as superior thermal resistance, chemical stability in corrosive

environments, lower cost and proven stability at high feed

pressures (up to 69 bar) [17e20]. Through adsorption and

molecular sieving mechanisms, the CMSMs are particularly

useful in gas separation, and separation can be achieved even

between gases with almost similar molecular size. MXene

molecular sieve membranes and MOF membranes, which

were considered in the proposed manuscript, are promising

technology thanks to the separator factor in the presence of

mixtures, which is exceeding the Robeson upper bound

[21,22].

The electrochemical hydrogen compressor on the other

hand, is the component responsible to further purify and

separate the hydrogen left in the outlet retentate side of the

membrane [23,24].

Unlike TSA, the PSA cannot avoid the need to pressurize

the hydrogen and the off-gas (1 or 2 compressors). With the

TSA technology [25] used in the European project HyGrid, the

use of a temperature change rather than a pressure change to

drive the desorption leads to lower operational costs for heat

compared to electric power. Moreover, with TSA each vessel

needs 1e1.5 cycles/day, whereas with PSA 700e800 cycles/day

are required.

Different configurations for the integration of these com-

ponents have been studied for an efficient hydrogen separa-

tion in terms of purity and costs. The effect of sweep gas and

vacuum (to decrease the partial pressure on the permeate side

of membranes) have also been studied and assessed, to

further confirm the results obtained in Nordio et al. [8]. Single

and multiple membrane modules have been integrated into

the hybrid system, to compare the cost and purity of separa-

tion. Configurations based on PdeAg and CMS membranes

were compared as separation technology to purify hydrogen.

Membrane parameters such as the hydrogen permeance and

selectivity were changed to study their influence on the

hydrogen recovery, purity and costs.

Four different master configurations (A-D as reported in

Table 1) have been selected as base cases to describe the

integration of the different components, while a sensitivity

analysis on the retentate pressure, the amount of sweep gas,

the membrane type, a single or multistage system, the

quantity of hydrogen separated by EHC and the total flow rate

have been performed to analyse the optimal configuration in

terms of purity and economics.

In Table 1, the term c-PdDS is used to describe a ceramic

supported double-skin PdeAg membrane, m-Pd is a metallic

supported PdeAg membrane and c-Pd is a ceramic supported

PdeAg (4e5 mm) membrane, c-tPd is a thin PdeAg (2e3 mm)

ceramic supported membrane while CMSM is a composite

alumina carbon molecular sieve membrane (Al-CMSM). Con-

figurations with two membrane modules in series have been

considered, therefore Membrane 2 in Table 1 indicates the

second module. The data used for the membranes are taken

from experimental results from literature or obtained in

dedicated experiments not reported in this paper [8,12,23]. For

all configurations, removing of sulphur compounds from NG,

and remixing of those in the NG before reinjection are not

https://doi.org/10.1016/j.ijhydene.2020.05.009
https://doi.org/10.1016/j.ijhydene.2020.05.009


Table 1 e Description of details of the different configurations; c-PdDS: ceramic supported double-skin PdeAg membrane,
m-Pd: metallic supported PdeAg membrane; CMSM composite alumina-carbon molecular sieve membrane, c-Pd; ceramic
supported PdeAg membrane (4e5 mm); c-tPd: ceramic supported thin PdeAg membrane (2e3 mm).

Configuration Membrane
type

Membrane
permeance [mol/

s/m2/Pa]

Membrane
ideal-

selectivity

Membrane
2

permeance

Membrane 2
ideal

selectivity

Retentate
pressure

[bar]

Permeate
pressure

[bar]

Sweep gas
flow rate
[mol/h]

A c-PdDS 2$10�6 65,000 e e 8 0.15 e

A1 m-Pd 10e6 200,000 e e 8 0.15 e

A2 c-PdDS 2$10�6 65,000 e e 8 0.15 e

A3 c-PdDS 10e6 200,000 e e 40 0.15 e

A4 CMSM 2$10�6 65,000 e e 40 0.15 e

A5 c-PdDS 2$10�6 65,000 e e 8 0.15 e

A6 EHC e e e e 8 8 e

B c-tPd 4$10�6 5000 2$10�6 20,000 8 0.15 e

C c-tPd 4$10�6 5000 2$10�6 20,000 40 3 e

C1 CMSM 5$10�8 1000 2$10�6 20,000 40 3 e

C2 c-tPd 4$10�6 5000 2$10�6 20,000 40 2.5 e

C3 c-tPd 4$10�6 5000 2$10�6 20,000 40 2 e

C4 CMSM 7$10�8 550 2$10�6 20,000 40 2.5 e

C5 CMSM 7$10�8 550 2$10�6 20,000 40 2 e

D c-tPd 4$10�6 5000 2$10�6 20,000 8 1 1000

D1 c-PdDS 2$10�6 65,000 e e 8 1 1000

D2 m-Pd 10e6 200,000 e e 8 1 1000
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considered. The humidity removal before reinjection has been

considered.

Configuration A

Fig. 1 shows the process flow diagram of master configuration

named A; with this configuration, the incoming stream, at

8 bar (low-pressure industrial NG grid), is initially pre-heated

in a heat exchanger to the working temperature of 400 �C
using the outlet retentate stream. At the same time this

stream is being cooled down, and then the heater supplies the

additional heat needed to reach the membrane working

temperature. After the heater, the stream is sent to the

membrane module. It is a double-skin PdeAg ceramic sup-

ported membrane with a hydrogen permeance of 2$10�6 mol/

s/m2/Pa and a H2/CH4 selectivity at 1 bar of 65,000. The

retentate side of the membrane is at the same pressure as the

stream coming from the grid. The permeate side was kept at

100 mbar by using a vacuum pump (to increase the driving

force via themembrane). The permeate stream is cooled down

with a cooler before entering the vacuumpump. The retentate

side of the membrane is then sent to an electrochemical
Fig. 1 e Process flow diagram of configuration A.
hydrogen compressor (EHC) with a protonic membrane

resistance of 6 mU and 350 cells in parallel with a working

temperature of 65 �C for further hydrogen separation and

purification. The retentate outlet stream is cooled down in the

heat exchanger previously mentioned while heating the

stream coming from the grid. Indeed, the EHC gives better

performances at higher temperatures but the proper water

management for the humidification of the protonic mem-

brane must be considered when choosing the operating con-

ditions. Besides, the hydrogen coming from the outlet cathode

side is kept at the same pressure as the grid. The purified

hydrogen from the permeate side of the membrane and the

cathode side of the electrochemical hydrogen compressor are

thenmixed after depressurization of the stream from the EHC.

The outlet anode side of the electrochemical hydrogen

compressor is sent back to the grid with no or low hydrogen

concentration in the stream (depends on which configuration

is chosen).

Configuration A has been studied changing different pa-

rameters to understand their influence on the system per-

formance. Indeed, the hydrogen recovered by the EHC has

been decreased to 23.13%, in configuration A2, while in

configuration A1, the membrane support was changed

considering a metallic supported PdeAg membrane. The

retentate pressure was increased up to 40 bar (medium pres-

sure industrial NG grid) (A3) and a CMSM and a retentate

pressure of 40 bar was adopted for configuration A4. For

heating the inlet stream, electricity has been considered. It

should be noted that the results of analysis for higher pressure

NG grids (80 bar and higher) are not reported in this manu-

script, but the conclusions in relative terms are similar.

Configuration named A5 is presented in the Appendix. It is

based only on the membrane module and the vacuum pump

while the EHC is not included. A6 is the configuration which

includes only the EHC and is described in detail in the

Appendix.

https://doi.org/10.1016/j.ijhydene.2020.05.009
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Configuration B

In this configuration, as depicted in Fig. 2, two membrane

moduleswith amechanical compressor in between, a vacuum

pump and an EHC have been combined. The first membrane

module is an ultra-thin PdeAg ceramic supported membrane

with a hydrogen permeance of 4$10�6mol/s/m2/Pa andH2/CH4

selectivity of 5000. The difference is in the membrane layer

thickness, indeed in this case the thickness is between 2 and

3 mm. The working pressure is 8 bar in the retentate and

100 mbar in the permeate, and the temperature is 400 �C. The
second membrane module is a PdeAg ceramic supported

membrane with a hydrogen permeance of 2$10�6 mol/s/m2/Pa

and H2/CH4 selectivity of 20,000. The retentate pressure of the

secondmembranemodule is 8 bar, which is obtained through

the mechanical compressor. The permeate pressure of the

second membrane is atmospheric. The first membrane is

responsible for an initial purification while the second mem-

brane is in charge of increasing the hydrogen purity. The

streamwhich comes from the grid has the same feed rate and

composition as of the other master configuration and is also

initially electrically heated in a heat exchanger and heater.

The outlet retentate stream of the first membrane module is

cooled to the working temperature of the EHC.

The outlet anode side of this EHC is sent back to the natural

gas grid. The permeate side of the first module is kept at

vacuum conditions. The second membrane is at atmospheric

conditions. The outlet stream of the vacuum pump is then

compressed and sent to the second membrane module after

the two cascaded heat exchangers. The retentate stream from

the second membrane module (mainly some impurities and

remaining inextricable H2) is sent back to the first module for

further purification. The purified hydrogen from the second

membrane module and the cathode side of the EHC is then

mixed and sent to the end-users.

Configuration C

Configuration C is depicted in Fig. 3. It includes twomembrane

modules in series, an electrochemical hydrogen compressor
Fig. 2 e Process flow diagr
and a vacuum pump. The stream coming from the grid is pre-

heated in a heat exchanger and a heater before being fed to

the membrane module. The first membrane module is a car-

bon molecular sieve membrane that works at the operating

temperature of 70 �C, while the second membrane is a PdeAg

ceramic supported membrane that operates at 400 �C. The
outlet retentate side of the first module is sent to the elec-

trochemical hydrogen compressor. The permeate side is fed to

the second membrane module. It is worth noting that the

retentate side of the second membrane module works at a

lower pressure than the first membrane, indeed no mechan-

ical compressor is required in between. The permeate side of

the second membrane is at vacuum conditions.

The retentate pressure of the firstmembrane is at the same

pressure as the grid which in this specific case is 40 bar, while

the permeate pressure has been kept at 3 bar. The proposed

configuration is used for recovering hydrogen coming from a

medium-pressure natural gas grid. The retentate side of the

first membrane module is sent to the EHC, which works at

65 �C. The hydrogen recovered from the second membrane

and the electrochemical hydrogen compressor is collected

and sent to the final users. A variant of this master configu-

ration is C1, where the first membrane module is a ceramic

supported PdeAg membrane. A second variation consists of a

different permeate pressure, which are configurations C2 and

C3, where the permeate pressure is respectively 2.5 and 2 bar

and the same membrane type as configuration C1 is adopted.

In configuration C4 and C5, where CMSMs are used, the

permeate pressure is reduced to 2.5 and 2 bar.

Configuration D

The proposed master configuration D, as depicted in Fig. 4, is

based on twomembranemodules in series (with sweep gas in

the first module), a mechanical compressor, an electro-

chemical hydrogen compressor and a TSA unit.

The inlet stream has been heated up electrically while the

steam has been produced with heaters and a boiler. Configu-

ration D1 and D2 based only on one membrane module with

sweep gas have been described in the Appendix.
am of configuration B.

https://doi.org/10.1016/j.ijhydene.2020.05.009
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Fig. 3 e Process flow diagram of configuration C.

Fig. 4 e Process flow diagram of configuration D.
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Economic evaluation

An economic evaluation is needed to verify the economic

advantage in terms of final hydrogen separation cost of each

of the proposed configurations, comparing to commercially

available PSA technology. The hydrogen separation cost has

been analysed also to evaluate different parameters to opti-

mize the performance of the hybrid systems, such as mem-

brane type, membrane support, retentate pressure, permeate

pressure and heating system through electricity or natural

gas.

Capital and variable costs have been evaluated to calculate

the final hydrogen separation cost. Investment costs are equal

to the product between the total overnight cost (TOC) and

capital charge factor (CCF). The TOC is the bare erected cost

(BEC) plus the contingency, container, transportation and as-

sembly costs. The final separation cost is the sum of the in-

vestment, O&M which includes labour cost, insurance and

maintenance and variable costs [26].
The hydrogen separation cost has been calculated as the

ratio between the sum of the capital (CAPEX) and operational

costs (OPEX) and the hydrogen flow rate separated as reported

in Eq. (1).

cost of hydrogen separation¼CAPEXþOPEXvariable þO&Mfixed

_mH2

(1)

The costs of all the units considered in the hybrid system,

which will be used later to calculate the bare erected costs,

have been estimated based on the scale-up factor correlation,

shown in Eq. (2)

C¼nC0

�
S
nS0

�f

(2)

where C0 is the cost of the component based on literature data,

S0 is the capacity of the scaling parameter, which is also based

on literature data, S is the capacity that has to be scaled, n is

the number of units to be considered and the f is the scaling

https://doi.org/10.1016/j.ijhydene.2020.05.009
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factor. The prices and scaling parameters of all the units used

in this work are taken from the Price Booklet of the Dutch

Association of Cost Engineers (DACE) [30e32]. The equations

used for the CAPEX calculations are summarized in Table 2.

Differently, the operational expenses (OPEX) can be differen-

tiated between the fixed costs, which mostly refer to labour

costs, maintenance and insurance, and the variable costs

which include electricity, heat consumption and sorbent

replacement.

In Fig. 5, the production cost for the different membrane

modules is proposed divided in support, membrane layer and

production costs. It is worth noting that the metallic sup-

ported membranes show the highest membrane cost due to

the support, which ismore expensive. Carbonmolecular sieve

membranes are the cheapest thanks to the lower costs of

membrane layer and production in comparison to PdeAg

membranes. Besides, the following two assumptions have

been made:

� Europe has been the selected scenario for all the different

calculations

� The hybrid technologies have been considered to separate

25 kg/day of hydrogen
Results

Comparison of required membrane area, energy
consumption and hydrogen purity

Between the different proposed configurations, it is possible to

reach the highest purity (99.99%) when (Fig. 1) working with

two membrane modules in series thanks to the further puri-

fication. This is obtained from two membrane stages com-

bined with the EHC. The results are described in Table 3.

Besides, with this configuration, the quality of natural gas for

the end-users is improved, as it lets a very low hydrogen

concentration back into the natural gas grid. On the other
Table 2 e Economic evaluation assumptions [27e29].

Capital costs (CAPEX)

Plant component

Component A

Component B

Component C

Component D

BEC (Bare erected costs)

Container cost

Transportation cost

Assembly cost

Contingency cost

CCF (Capital charge factor)

TOC (Total overnight cost)

Investment

Operating cost (OPEX)

Labor cost

Maintenance cost

Insurance
hand, the energy consumption required for this configuration

is slightly higher, in particular for configuration D2, where

sweep gas is applied. The more energy efficient configuration,

based on twomembranemodules, considers CMSM in the first

module, because of the lower operating temperature associ-

ated to CMSM in comparison to the PdeAg membrane.

Moreover, Configuration B has an additional mechanical

compressor, which increases the required energy

consumption.

Configuration A1 shows an extremely high purity thanks to

the metallic PdeAg membranes, which exhibit an extremely

high selectivity at the expense of increased cost. The draw-

back of using metallic supported PdeAg membranes is the

large surface area required due to low hydrogen permeance.

Indeed, configuration A1, requires 2.92 m2 compared to

1.62 m2 for configuration A, where a double-skinmembrane is

adopted (the membrane type is the only difference between

the two configurations). Configuration A and A2 have the

same layout with the difference in the lower hydrogen re-

covery from the EHC in A2. Since only 23.13% of the final

hydrogen is separated by the EHC in configuration A2, the

membrane surface area of configuration A2 is higher. A trade-

off between membrane area and energy consumption is

visible here and this will be studied in detail in the techno-

economic evaluation. It causes an increase in the membrane

area, which will negatively affect the final hydrogen separa-

tion cost, on the other hand, it reduces the electricity con-

sumption due to the lower hydrogen rate separated by the

electrochemical hydrogen compressor. From the results it is

possible to notice that by increasing the retentate pressure, as

in configuration A3 (where the retentate pressure is 40 bar),

the purity drops from 99.93% to 99.42% due to a more pro-

nounced permeation of the contaminant gas. However,

configuration A3 requires a lower membrane area (1.07 m2)

thanks to the higher applied pressure. A4 and A3 have the

same pressure; the only difference is the type of membrane

used. Indeed, A4 has a CMSM, while A3 is PdeAg membrane.

From the results shown in Table 3, the configuration with

CMSM requires a higher surface area to separate the same
Cost

A

B

C

D

AþBþCþD

12,000 V

4000 V

5000 V

15% BEC

0.04

BEC þ Container þ transportation þ assembly þ contingency cost

TOC$CCF

0.3% TOC

2% TOC

3% TOC
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Fig. 5 e Membrane production cost for the different membranes type considered including support, selective membrane

layer and production costs [32].
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hydrogen flow rate and the purity drops since the CMSM is

less selective than PdeAg membranes, but an economic

evaluation is needed to compare the costs when using PdeAg

membranes or CMSM. Moreover, the electricity consumption

is reduced in configuration A4 because the membrane oper-

ates at 70 �C, instead of 400 �C, which reduces dramatically the

electricity consumption needed. The hydrogen permeance

associated with the CMSM is one order of magnitude lower

than the PdeAg membrane, thus the membrane surface area

required is increased to 5.27m2 in configuration A4. It is worth

noting, that the membrane cost for CMSM is cheaper than the

PdeAg membrane, thanks to the reduced material costs and

reduced production costs as fewer steps are involved as

shown in Fig. 5.

Configuration D2 is based on a membrane module where

sweep gas is used to increase the driving force, and this
Table 3 e Description of hydrogen separation flux, purity, elect

Configuration Membrane
area 1 [m2]

Membrane
area 2 [m2]

Hydrogen
separated
[kg/day]

Purity
membra

A 1.62 e 25 99.92

A1 2.92 e 25 99.98

A2 2.8 e 25 99.92

A3 1.07 e 25 99.41

A4 5.27 e 25 99

A5 3.85 e 25 99.92

A6 e e 25 e

B 2.42 0.5 25 98.75

C 6.32 0.5 25 91.61

C1 2.97 0.5 25 96.28

C2 2.51 0.62 25 96.11

C3 2.23 0.78 25 96.02

C4 5.85 0.62 25 91.53

C5 5.33 0.78 25 91.4

D 3.67 0.5 25 99.94

D1 2.53 e 25 99.9

D2 4.22 e 25 99.96
configuration requires more membrane area compared to the

configuration in which vacuum is applied at the permeate

side. Indeed, themembrane surface area is 2.53m2, in contrast

to 1.62 m2 for configuration A (with the same layout but

applying vacuum instead), due to the more pronounced mass

transfer limitations in the presence of sweep gas. Indeed,

there is a pressure drop due to the sweep gas, which reduces

the actual driving force over the membrane compared to the

case where vacuum is applied [8,9,33e35] and this phenome-

non was accounted for in the model.

The hydrogen purity is slightly lower than in configuration

A, as mass transfer limitations reduce the hydrogen concen-

tration, thereby increasing the contaminant concentration.

The electricity consumption increases dramatically for the

configurationwhere sweep gas is adopted, associatedwith the

fact that the heat exchangers, which in configuration An allow
ricity and heat consumption for the overall configurations.

from
ne [%]

% H2

from
EHC

Total
purity
[%]

Electricity
consumption
[kWh/kgH2]

Heat
consumption
[kWh/kgH2]

34.92 99.93 5.19 e

76 34.92 99.99 5.05 e

23.13 99.94 4.29 e

34.92 99.42 5.09 e

34.92 99 4.36 e

0 99.92 3.94 e

100 100 12.64 e

34.92 99.9997 7.95 e

34.92 99.99 5.62 e

34.92 99.99 6.38 e

34.92 99.99 6.30 e

34.92 99.99 6.22 e

34.92 99.99 5.48 e

34.92 99.99 5.40 e

32.92 99.95 8.02 11.23

34.92 99.91 6.23 11.23

34.92 99.97 6.29 11.23
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the inlet stream to reach the working temperature, in config-

uration D2 are mainly responsible for steam production.

Indeed, heaters are needed because it is not possible to

recover the heat from the outlet retentate stream to heat the

inlet retentate stream. The heat consumption includes only

the energy required to boil the steam.

In configuration A5, the electrochemical hydrogen

compressor is not included in the system (while the rest of the

layout is identical to A) because, as it will be detailed later, the

capital cost of the EHC contributes quite significantly to the

final separation cost. For this reason, the proposed configu-

ration adopts only the membrane module and a vacuum

pump. Obviously, the membrane area increases (3.85 m2),

while the electricity consumption drops because there is no

consumption associated with the EHC. It is worth noting that

themembrane area required in configuration A5 is close to the

membrane area of the sweep gas case, in which a fraction of

the separated hydrogen flow is due to the EHC. It is a further

proof of the extremely intensive mass transfer limitations

when applying sweep gas in comparison to applying vacuum.

As mentioned previously, configuration B which includes

two membrane modules and the EHC, is one of the most

efficient configurations in terms of hydrogen purity. On the

other hand, the electricity consumption is increased due to

the mechanical compressor required to reach the retentate

inlet pressure of the second membrane stage. Note the higher

membrane area required for the first membrane module

compared to configuration A due to the necessity to have

similar HRF (hydrogen recovery factor) (compared to the other

configurations) to allow a hydrogen separation of 25 kg/day.

The membrane surface area for this configuration is 2.42 m2.

Configuration D is based on two membrane modules in

series with a mechanical compressor in between, an electro-

chemical hydrogen compressor and sweep gas is applied to

the permeate side of the membrane. A higher purity is

reached although energy and heat consumption are quite

significant. The required membrane surface area (3.67 m2) is

extremely high due to the concentration polarization, as

explained previously.

Configurations C and C1 are proposed as interesting con-

figurations to reduce the electricity consumption, keeping two

membrane modules in series. Indeed, in these configurations

the first membrane and the stream coming from the grid is at

40 bar and the permeate stream of the first membranemodule

works at 3 bar, while the second membrane module, when

vacuum is applied, has already a relevant pressure difference

to be able to further separate and recover the hydrogen.

Configuration C has an ultra-thin PdeAg membrane in the

firstmodule and a PdeAg ceramic supportedmembrane in the

second one; while C1 differs from the CMSM in the first

module.

The electricity consumption drops in comparison to

configuration B, at the expense of increased membrane sur-

face area due to the lower driving force in the first membrane

module. In configuration C1 a membrane surface area of

2.97 m2 is needed. An economic evaluation is required to

compare the hydrogen separation cost associated with the

different proposed configurations.

In configuration C1, the first membrane module is a

ceramic PdeAg membrane whereas in configuration C2 and
C3 the permeate pressure of the first membrane module

(which is the retentate pressure of the second module), is

respectively at 2.5 and 2 bar. As mentioned previously, the

membrane area for configuration C is very high due to the low

hydrogen permeance of CMSM and the relatively low driving

force since 3 bar at the permeate is applied. For this reason,

the membrane surface area is 6.32 m2 in configuration C.

Configurations C4 and C5 are based on C2 and C3 layout but

using CMSM instead of PdeAg membranes. The proposed

configurations consider 40 bar as retentate pressure, which is

the high-level grid pressure, but are not applicable for low-

pressure level grid due to the extremely low driving force if

8 bar is considered. A slight reduction in the final separation

cost can be observed for configurations C2 and C3 compared to

C1 and in configurations C4 and C5 compared to C thanks to

the reduction in electricity consumption associated with the

lower pressure at which the mechanical compressor works.

Configuration A6 consists only of the EHC for a compre-

hensive comparison and techno-economic evaluation, and

the hydrogen separation is achieved only through the elec-

trochemical hydrogen compressor. An HRF of 83.25% was

achieved with an energy consumption of 12.63 kWh/kgH2. The

final purity achieved is 100% thanks to the polymeric mem-

brane which allows only hydrogen protons to pass through. If

the separation is based only on the electrochemical hydrogen

compressor, the energy consumption is extremely high, even

if the applied voltage for the separation is 0.3 V.

Economic comparison for 8 bar NG grid pressure

To perform a techno-economic evaluation, the method pro-

posed in Economic evaluation has been considered. The final

hydrogen separation and the capital cost for the different

configurations to separate hydrogen from a natural gas grid

which has a pressure of 8 bar are depicted in Fig. 6 and Fig. 7.

In Fig. 6, where the capital cost distribution is shown, it is

possible to notice that the main component affecting the

CAPEX is the electrochemical hydrogen compressor, except

for configurations A1, D2 and C. In these three configurations

(respectively the single stage PdeAg membrane, the single

stage with sweep gas and the double membrane modules

without mechanical compressor and higher permeate pres-

sure) the membrane module has a higher impact. These

mentioned configurations are eitherwith ametallic supported

membrane or without the EHC. The metallic support has

higher costs and the hydrogen permeance is reduced which

increases the surface area to separate the same amount of

hydrogen.

According to the results, the best configurations from a

hydrogen separation cost point of view, are configurations A5

and A, which are respectively the system without the elec-

trochemical hydrogen compressor (only membrane module

and vacuum) and the configuration with membrane, EHC and

vacuum (in which 34.92% of hydrogen is recovered via the

EHC).

Comparing these configurations, the case without elec-

trochemical hydrogen compressor (configuration A5) has a

lower energy consumption (3.94 kWh/kgH2) and a lower

hydrogen purity (99.92%) The configuration A shows a

slightly higher purity (99.94%) at the expense of an increased

https://doi.org/10.1016/j.ijhydene.2020.05.009
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Fig. 6 e Capital cost distribution for the different configurations to separate H2 from low-pressure natural gas grid.

Fig. 7 e Final hydrogen separation cost distribution for the different configurations to separate H2 from low-pressure natural

gas grid.
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energy consumption (5.19 kWh/kgH2). A trade-off between

these two systems in terms of energy consumption and

hydrogen purity is visible. A techno-economic analysis is

required to evaluate the economic advantages of one

configuration over the other.

It is worth noting that configuration A5 shows the cheapest

hydrogen separation cost for all the considered configurations

(3.56 V/kgH2), indeed it has only 0.02% purity less than

configuration A, while the hydrogen separation cost is 25.05%

less than configuration A. In all the considered configurations,

the O&M fixed costs have more impact on the final separation

cost than the investment and variable cost. Configuration D2

which reaches a hydrogen purity of 99.97%, has the highest

hydrogen separation cost of all the considered configurations,
except for configuration A6 which uses only the electro-

chemical hydrogen compressor.

To optimize the separation, it is important to focus on the

hydrogen purity, energy consumption and hydrogen separa-

tion cost. Between the configurations which separate

hydrogen from a natural gas grid at 8 bar, the ones that reach

above 99.99% hydrogen purity are cases B and A6 (respectively

the configuration with two membrane modules and the me-

chanical compressor in between and the configuration with

only the EHC). For configuration A6 the energy consumption

and the final hydrogen separation cost are extremely high:

12.64 kWh/kgH2 and 12.63 V/kgH2. The optimal configuration

to work at 8 bar (low grid pressure) is configuration B. Two

membrane stages give an added value to the separation

thanks to the combination of high purity (99.99%) and low
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separation cost (5.78 V/kgH2). The drawback of configuration B

is the high energy consumption of 7.95 kWh/kgH2.

Depending on the final users, configuration A5 (based on a

membrane module and a vacuum pump) could be considered

interesting since it has a lower separation cost (3.56 V/kgH2)

than configuration B, but also a lower purity (99.92%). Con-

figurations A and A5 are very similar, indeed they differ only

for the EHC, which is included in configuration A. Although

they present comparable hydrogen purity, the relevant energy

consumption and capital cost of the EHC, demonstrate

configuration A5 is more convenient from the cost and con-

sumption approach.

As mentioned previously, configuration A6 has the highest

energy consumption, because only the EHC is used to separate

25 kg/day of hydrogen, moreover according to the economic

evaluation, it is also the more expensive configurations (12.63

V/kgH2). A combination of membrane modules, EHC and vac-

uum pump is more convenient to decrease the energy con-

sumption and final separation cost.

Economic comparison for 40 bar NG grid pressure

In Fig. 8 and Fig. 9, the results of capital costs and final

hydrogen separation cost are depicted for the configurations

which separate hydrogen from the natural gas grid at 40 bar.

The electrochemical hydrogen compressor has the highest

impact on the investment costs. Configurations A3 and A4

(based on amembranemodule, a vacuumpump and the EHC),

which reach a purity of 99.41 and 99.00%, respectively, show

average separation cost: 4.55 and 4.44 V/kgH2, for the purifi-

cation level obtained. The energy consumptions are respec-

tively 5.09 and 4.36 kWh/kgH2. Configuration A4 is based on

carbon molecular sieve membranes, while configuration A3

uses ceramic supported Pd/Ag membranes; hence it is

important to note that from an energy consumption and

economic point of view, configuration A4 is more beneficial,

where CMSMs are adopted. On the other hand, configurations

C4 and C5 (configurations at 40 bar with two membrane
Fig. 8 e Capital cost distribution for the different configurati
modules without mechanical compressor in between and

respectively with PdeAg and CMS membrane in the first

module) have a final hydrogen separation cost of 5.30 and 4.81

V/kgH2, which is only slightly higher than configurations A3

and A4 (configurations at 40 bar with one membrane module,

respectively PdeAg and CMS membrane) but guaranteeing a

hydrogen purity of 99.99%. The negative drawback is the

slightly higher electric consumption (5.38 and 5.30 kWh/kgH2)

compared to low-level pressure configurations, especially in

comparison to configuration A5 (basic system without the

EHC).

Configurations C4 and C5 show a better performance in

terms of energy consumption and final separation cost

compared to configurations C2 and C3, where the only dif-

ference is themembrane type adopted (respectively PdeAg for

C4 and C5 and CMSM for C2 and C3). Asmentioned previously,

CMSMs are more convenient than PdeAg ceramic supported

membranes.

Sensitivity analysis

After the description of the different proposed configurations,

a sensitivity analysis based on membrane and EHC lifetime,

the amount of hydrogen separated by the EHC, the permeate

pressure and sweep gas flow rate has been performed to

elucidate the influence of each of these parameters on

hydrogen separation costs.

The first parameter to be analysed is the membrane and

EHC lifetime. Indeed, in the previous description, the mem-

brane lifetime has been considered to be 3 years for the PdeAg

membranes [36], 5 years for the CMSM and 7 years for the EHC

[37e40]. Considering the research studies on these technolo-

gies, the membrane lifetime is likely to improve in the

following decades, a techno-economic analysis has been

performed changing the membrane lifetime from 3 to 25

years. Increasing the membrane lifetime, according to Fig. 10,

has a significant impact on the final hydrogen separation cost,

and the same effect is observed when the EHC lifetime is
ons to separate H2 from high-pressure natural gas grid.

https://doi.org/10.1016/j.ijhydene.2020.05.009
https://doi.org/10.1016/j.ijhydene.2020.05.009


Fig. 9 e Final hydrogen separation cost distribution for the different configurations to separate H2 from high-pressure

natural gas grid.

Fig. 10 e Membrane and EHC lifetime impact on hydrogen separation cost for configuration A.
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increased. The optimal conditions are found when both the

membrane and EHC lifetime is increased. Indeed, a reduction

in the final hydrogen separation cost from 5.94 to 2.21 V/kgH2

could be obtained.

Configurations A and A2 have as the only substantial

difference the relative amount of hydrogen recovered from

the EHC (34.92 and 23.13% respectively). The final separation

cost is reduced when a higher recovery is achieved with the

EHC, because it reduces the membrane surface area needed

for the separation. On the other hand, the energy con-

sumption is increased because the EHC is responsible for a

higher recovery. In Fig. 11, the results for the hydrogen

separation cost and energy consumption as a function of the

hydrogen separated by PdeAg membranes is shown.
According to the results, the minimum separation cost is

achieved when the fraction of hydrogen separated by the

membrane module is around 70%: when lower fractions are

considered, the hydrogen separation cost increases because

the EHC needs a higher surface area which significantly

increases the cost, whereas the energy consumption de-

creases for higher relative amount of hydrogen separated by

the PdeAg membranes. As described previously, the

hydrogen separation cost depends on the pressure of the

grid. An economic evaluation based on the grid pressure has

been performed and the results are shown in Fig. 12.

Working at higher grid pressure decreases the hydrogen

separation cost due to the smaller membrane surface area

required. On the other hand, the purity drops dramatically
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Fig. 11 e Hydrogen separation cost and energy consumption as a function of the hydrogen separated by PdeAg membrane.
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when working at higher pressure when using the PdeAg

membranes. Depending on the final users (and the needed

purity), it could be interesting to consider the separation

from a grid of high pressure.

For the configurations that use sweep gas, the H2/CH4

streams have been heated to the working temperature by

electricity while the steam has been produced by heat con-

sumption burning natural gas. For a proper comparison be-

tween the configurations with sweep gas and the ones with

vacuum, a single case in which the steam has been produced

also through electricity has been considered.

The energy consumption and the final hydrogen sepa-

ration costs have been studied. As shown in Fig. 13, pro-

ducing steam with natural gas is cheaper and the
Fig. 12 e PdeAg ceramic supported membrane area needed and

difference considering configuration A.
difference in cost between sweep gas and vacuum con-

figurations increases when electricity is used to produce

steam.

In Fig. 14, the pressure at the permeate side of the first

membrane module (which is the retentate of the second

membrane) in configuration C, has been varied to analyse the

effect on the energy consumption and final separation cost.

The results show that, when the permeate pressure is

reduced, a lower membrane area is required thanks to the

increased driving force.

As discussed before when comparing the performance of

PdeAg or CMS membranes in configuration C, a lower energy

consumption and final separation cost were found for the

CMSM. For the case of PdeAgmembranes, a possible re-use of
hydrogen separation cost at different total pressure
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Fig. 13 e Final hydrogen separation cost distribution in investment, O&M and variable using electricity or natural gas to

produce steam as sweep gas in configuration D2.
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the PdeAg layer and the support for a cost recovery of 10, 50

and 80% of the membrane cost has been considered to

compare the final separation cost with the CMSM. The results

are shown in Fig. 15. According to the results, if themembrane

layer and support re-use contributes only to 10% of the

membrane cost recovery, then it is still more convenient to

work with the CMSM in configuration C. On the other hand,

above a 50% recovery of the cost, then the use of PdeAg

membranes is cheaper and more convenient. In configura-

tion C, only the recovery of the membrane layer and support

of the PdeAg membrane has been considered (which is only

the second membrane module).

Configuration D2, which is based on the use of sweep gas to

increase the hydrogen partial pressure across the membrane,
Fig. 14 e Sensitivity analysis on permeate pressure of fir
has been studied at different sweep gas flow rates to better

understand its influence on the heat consumption and final

hydrogen separation cost. The results summarized in Fig. 16,

show that the heat consumption is proportional to the sweep

gas flow rate, while the final separation cost has aminimumat

around 1 kmol/h. Themain parameters affecting the costs are

the heat consumption and the membrane surface area. While

the heat consumption increases linearly with the sweep gas

flow rate, the membrane area is initially reduced and then

remains almost constant with the sweep gas flow rate, to

separate the same hydrogen flow rate. According to literature,

the sweep gas increases the pressure drop over the porous

support, causing a reduction of the hydrogen flow rate sepa-

rated at higher sweep gas flow rates [8].
st membrane module on configuration C, C4 and C5.
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Fig. 15 e Hydrogen separation cost in configuration C and C1, with CMSM and PdeAg membrane, considering a recovery of

the membrane cost from 10 to 80%.

Fig. 16 e Heat consumption and final separation cost trend with a sweep gas flow rate in configuration D2.
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Conclusions

Different configurations were proposed for hydrogen separa-

tion, mainly based on seven master cases which allow to

reach a high hydrogen recovery factor and purity. Two

different cases have been considered: a low-pressure grid (up

to 8 bar) and a high-pressure grid (from40 to 80 bar). Moreover,

from these main configurations, it is possible to maximize

either the recovery or the purity, changing several variables

such as the membrane materials, the retentate or permeate

pressure and membrane type.

When considering the low-pressure grid, the best master

configuration in terms of energy consumption and hydrogen

separation cost is C which is based only on a membrane
module and a vacuum pump. On the other hand, it does not

reach a very high purity (99.92%). To improve the final purity,

configuration B provides the optimum solution, which thanks

to the two membrane modules, guarantees very high

hydrogen purity (99.99%). The main drawback is the energy

consumption of 7.95 kWh/kgH2. Depending on the application

required by the users, it is worthwhile to select amore energy-

consuming configuration which reaches very high purity or

saving the consumption at the expense of the purity.

Choosing ametallicmembrane support, as in configuration

A1 and D2, the hydrogen purity is increased, but the final

hydrogen separation cost increases to 11 and 9.80 V/kgH2,

respectively. Configurations A3 and A4 go in the direction of

higher retentate pressure with PdeAg and CMSM respectively,

which allow a higher hydrogen driving force resulting in a
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larger HRF and a less pure hydrogen stream (especially for

configuration A4). Carbon molecular sieve membranes ach-

ieve a lower purity than double-skin PdeAg membranes,

especially at low pressure, on the other hand they have an

important advantage over PdeAg membranes, which is the

lower energy consumption required thanks to the lower

operating temperature at which theywork.Moreover, they are

cheaper, which generally results in a lower hydrogen sepa-

ration cost.

When considering the configurations to separate H2 com-

ing from high-pressure natural gas grid, configuration C,

based on CMSM, PdeAg membrane, vacuum pump and EHC,

achieves an extremely high purity (99.99%) at average

hydrogen separation cost (5.05 V/kgH2). It is even possible to

reduce this cost by decreasing the permeate pressure of the

first membrane module, as shown in Table 3 and Fig. 8, for

configurations C4 and C5. It is worth mentioning that config-

uration C1 has the same layout as configuration C, with the

only difference in the membrane type chosen. Indeed,

configuration C1 used in the first membrane module an ultra-

thin PdeAg membrane. This configuration shows a higher

energy consumption and final separation cost because the

CMSM operated at high pressures, are more convenient than

the PdeAg membrane.

All the considered configurations for hydrogen production

of 25 kg/day require an electric consumption in the range of

3.94 and 12.63 kWh/kgH2 with a final separation cost (except

for the configuration in which only the EHC is used) between

3.56 and 9.80V/kgH2 which is quite competitive in comparison

to conventional separation systems, such as a PSA unit

(20 kWh/kgH2 and 8.3 US$/kg) which could work efficiently

mainly at large scale and high hydrogen concentrations in the

inlet stream.
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Appendix

Configuration D1.

The second master configuration, called D1 is depicted in

Figure A1.

Configuration D1 is based on the use of sweep gas, which is

fed to the membrane permeate side, to increase the mem-

brane driving force instead of applying vacuum. An energy

consumption evaluation to compare sweep gas and vacuum is

needed. For this configuration, both the electricity and the

natural gas have been considered to produce steam. The equal

comparison between vacuum and sweep gas must be found

when electricity is considered because in the configuration

with vacuum, only electricity is assumed. The steam is heated

up in two heat exchangers and a boiler before entering to the

membrane permeate side. The stream coming from the grid

reaches the working operating temperature in a heat

exchanger and a heater before being fed to the membrane

module. The module is a double-skin PdeAg ceramic sup-

ported membrane with a permeance of 2$10�6 mol/s/m2/Pa

and a H2/CH4 selectivity of 65,000. 1 kmol/h of steam was

assumed as sweep gas. The grid and retentate stream are at

8 bar, while the permeate is at 1 bar. The permeate stream is

cooled and the water is condensed before the temperature

swing adsorption unit, where a further water removal is

achieved. After the TSA, which operates at 70 �C, the stream is

sent to the EHC where more hydrogen is recovered. Different

sweep gas flow rates have been considered for a proper un-

derstanding of the effect on hydrogen recovery, purity, elec-

tricity consumption and costs. Configuration D2 is based on

D1 with the difference of a metallic supported PdeAg mem-

brane.

Configuration A5.
am of configuration D1.
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Fig. A2 e Process flow diagram of configuration A5.2
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The following master configuration, A5, is shown in

Figure A2. The hybrid system is based only on a membrane

module and the vacuum pump without the electrochemical

hydrogen compressor component. The membrane module

has a hydrogen permeance of 10�6 mol/s/m2/Pa and a H2/CH4
Fig. A3 e Process flow diagram of configuration A6.3
selectivity at 1 bar of 200,000 [41]. This configuration has been

adopted to evaluate the hydrogen separation cost when the

electrochemical hydrogen compressor is not included. The

PdeAg membrane considered is metallic supported to reach

the hydrogen purity target. The retentate pressure is 8 bar,

while the vacuum reaches 100 mbar. The inlet stream is

electrically heated to 400 �C which is the membrane working

temperature. The retentate side of the membrane is sent back

to the natural gas grid. The only separation unit in the
proposed configuration is the membrane module; hence a

large surface area is required to achieve the hydrogen rate

required.

Configuration A6.
This configuration A6 consists only of the electrochemical

hydrogen compressor as shown in Figure A3. The working

temperature is 65 �C, anode and cathode side at 8 bar. The

inlet stream is fed to a heat exchanger and is then electrically

heated in a heater before being fed to the EHC. It is interesting

to study the energy consumption and hydrogen separation

cost associated to the EHC, especially in comparison to the

previous proposed configurations.
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Abbreviations

CMSM Carbon molecular sieve membrane

Pd-Ag membrane Palladium-silver membrane

EHC Electrochemical hydrogen compressor

PSA Pressure swing adsorption

TSA Temperature swing adsorption

CAPEX Capital expense

OPEX Operating expense

NG Natural gas

c-PdDS Ceramic supported Pd-Ag double skin membrane

c-tPd Thin ceramic supported Pd-Ag membrane

c-Pd Ceramic supported Pd-Ag membrane

TOC Total overnight cost

CCF Capital charge factor

BEC Bare Erected cost

HRF Hydrogen recovery factor
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