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Abstract

The main goal of this work was to combine the energetic valorization of
glycerol, the main biodiesel by-product, by means of H, production through
glycerol steam reforming (GSR) with the use of hybrid reactor concepts, such as
sorption-enhanced reactor (SER), membrane reactor (MR) and sorption-
enhanced membrane reactor (SEMR), whose performance should be compared
with that of a traditional reactor (TR).

The thermodynamic analysis of GSR evidenced the presence of both CH4
and coke as the main by-products, especially at lower temperatures and molar
water/glycerol feed ratios (WGFR). The removal of CO, and H; from the reaction
environment in the SEMR allowed the attainment of the maximum hydrogen
yield of 7 mol - mol_jverted glycerols @t 700 K, WGFR of 9 and 1 atm. This

corresponds to an enhancement of 217%, 47% and 22% comparatively to the
TR, SER and MR, respectively.

In order to complement the GSR thermodynamic assessment, a
phenomenological model, in a TR, capable of predicting both glycerol conversion
and gas products generation (first time to the author’'s knowledge) under more
realistic conditions was proposed. The model was validated against
experimental data taken from the literature and a parametric analysis was
carried out. While the conversion of glycerol was benefited at higher
temperatures, WGFRs and pressures, both H, yield and selectivity were
benefited at higher temperatures, but lower WGFRs and pressures.

The CO, sorption capacity of four prepared hydrotalcite-like materials was
evaluated at 573 K. It was observed that the combination of partial substitution
of aluminum with gallium, aging of the precipitated gel under microwave
irradiation and impregnation with potassium (cK-HTCGa MW) significantly

increased the sorption capacity. While the non-modified hydrotalcite (cHTC)



presented slightly faster CO; sorption, cK-HTCGa MW showed much higher
sorption capacities.

For that reason, a deeper analysis of cK-HTCGa MW performance was
carried out under conditions closer to those typically used in SERs. The material
presented a CO; sorption working capacity of 0.7 mol'kg™* at 6 bar, 673 K, 15
vol% CO:2 and under dry conditions. Moreover, in the presence of 10 vol% H-0,
an enhancement of 200% in sorption working capacity was observed, which
could be partially associated to the observed mobilization of basic sites towards
the surface of the hydrotalcite under wet conditions.

Catalytic GSR experiments were carried out over a Rh supported on
alumina catalyst at 673 K, 4.5 bar and WGFR of 19, firstly in a TR. Even though
high glycerol conversions into carbon-containing gaseous products were
obtained during the first moments, rapid deactivation due to coke formation was
observed. In order to maintain a superior catalytic performance over time, GSR
was combined with periodic oxidative regeneration of the catalyst with air. This
led to the attainment of total glycerol conversions above 99% for 16 h time-on-
stream.

Finally, the GSR was performed in both SER and SEMR using a
commercial hydrotalcite, K-MG30, and a Pd-Ag membrane, under the same
conditions. The presence of the sorbent in the SER enhanced the production of
H> not only in the CO, pre- and breakthrough regions, but also during the post-
breakthrough. When the membrane was incorporated, the removal of both CO-
and H: significantly increased the hydrogen yield from 1.6, in the SER, up to 3.6

mol-molf‘eldglycero]. Furthermore, besides the ultra-pure H. obtained in the

permeate side, highly pure H, was obtained in the retentate side during the pre-

breakthrough as no other gas products were produced.

Keywords: Glycerol; Steam Reforming; Hydrogen; Hydrotalcite; Sorption-

Enhanced Membrane Reactor.



Resumo

O principal objetivo deste trabalho foi combinar a valorizagdo energética
do glicerol, principal subproduto do biodiesel, por meio da producdo de H:
através da reformacao a vapor do glicerol (glycerol steam reforming, GSR) com
a utilizacdo de conceitos reacionais hibridos, tal como o reator de sorgao
(sorption-enhanced reactor, SER), reator de membrana (membrane reactor,
MR) e o reator de sor¢do e membrana (sorption-enhanced membrane reactor,
SEMR), cujo desempenho deve ser comparado com o de um reator
convencional (traditional reactor, TR).

A andlise termodindmica de GSR demonstrou que o0s principais
subprodutos do processo sdo o CH, e 0 coque, especialmente a temperaturas
e razdes molares agua/glicerol na alimentacéo (molar water/glycerol feed ratios,
WGFR) mais baixos. A remocdo de CO, e H, do meio reacional no SEMR
permitiu a obtencdo do méximo rendimento de H, possivel de 7 mol-

mol a 700 K, WGFR de 9 e 1 atm. Isto corresponde a um

glicerol convertido»
aumento de 217%, 47% e 22% comparativamente ao TR, SER e MR,
respetivamente.

Com o objetivo de complementar a analise termodinamica de GSR, foi
proposto pela primeira vez um modelo fenomenolégico, num TR, capaz de
prever tanto a conversao de glicerol, como a formagé&o de produtos gasosos em
condigbes mais realistas. O modelo foi validado com resultados experimentais
da literatura e foi realizada uma analise paramétrica. Enquanto a converséao de
glicerol foi beneficiada a temperaturas, WGFRs e pressdes mais altas, tanto o
rendimento como a seletividade de H; foram beneficiados a temperaturas mais
altas, mas a WGFRs e pressdes inferiores.

A capacidade de sor¢cdo de CO; de quatro hidrotalcites preparadas foi
avaliada a 573 K. Foi observado que a combinacdo da substituicdo parcial do

aluminio por galio, o envelhecimento do gel de precipitado sob radiacédo



microondas e a impregnacdo com potassio (cK-HTCGa MW) levou a um
aumento significativo da capacidade de sor¢cdo. Enquanto a hidrotalcite n&o
modificada (cHTC) apresentou captura de CO; ligeiramente mais rapida, cK-
HTCGa MW apresentou capacidades de sor¢do muito mais elevadas.

Por essa razdo, uma analise mais detalhada do desempenho da cK-
HTCGA MW foi realizada sob condigbes mais préximas daquelas tipicamente
usadas em SERs. O material apresentou uma capacidade de sorcéo de trabalho
de 0.7 molkg? a 6 bar, 673 K, 15 vol% CO, e a seco. Para além disso, na
presencga de 10 vol% H,O, um aumento de 200% na capacidade de sor¢do de
trabalho foi observado, o que pode estar parcialmente associado a mobilizagéo
de centros alcalinos para a superficie, observada sob condi¢ées humidas.

Testes cataliticos de GSR foram realizados utilizando um catalisador de
Rh suportado em alumina a 673 K, 4.5 bar e WGFR de 19, em primeiro lugar
num TR. Ainda que tenham sido obtidas inicialmente elevadas conversdes de
glicerol em produtos gasosos com carbono, foi observada desativacao rapida
devido a formacao de coque. Com o objetivo de manter uma atividade catalitica
superior ao longo de tempo, a GSR foi combinada com regeneracdo oxidativa
periddica do catalisador com ar. Isto levou a obtencao de conversdes totais de
glicerol superiores a 99% durante 16 h de reagéo.

Finalmente, a GSR foi realizada no SER e no SEMR utilizando uma
hidrotalcite comercial, K-MG30, e uma membrana de Pd-Ag, sob as mesmas
condicbes. A presenca do sorvente no SER aumentou a producdo de H, ndo
apenas durante o pre- e breakthrough, mas também durante o poOs-
breakthrough. Quando a membrana foi incorporada, a remocdo de CO; e H;
aumentou significativamente o rendimento de hidrogénio de 1.6, no SER, para

3.6 mol- molgﬁcerol alimentado- Além disso, para além do H: ultrapuro obtido no

lado do permeado, H; altamente puro foi obtido no lado do retido durante o pre-

breakthrough uma vez que mais nenhum produto gasoso foi produzido.

Palavras-chave: Glicerol; Reformagcdo a Vapor; Hidrogénio; Hidrotalcite;

Reator de Sorcédo e Membrana.
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General Introduction

Chapter 1. General Introduction

This chapter presents the relevance and motivation behind this PhD
thesis and provides a brief introduction to the study. At the end the
objectives of this PhD work are established and the thesis outline is

provided.




Chapter 1

1.1 Relevance and Motivation

Resorting to fossil-based processes, such as steam reforming of methane,
has been the solution that most industries have found economically more
attractive for hydrogen production in the last century. However, an environmental
caring mentality has been taking over. Replacing fossil fuels (natural gas, oil and
coal) with cleaner fuels such as biodiesel-derived glycerol has been target of
interest [1-3]. Such replacement would not only have a direct positive
environmental impact, but would also promote both commercialization and
further development of biodiesel production and industry [4].

On a different perspective and addressing the increasing need of ultra-
pure hydrogen, pushed by the development of the fuel cell industry, two reaction-
separation hybrid concepts have been proven to be highly beneficial when
compared to the conventional process. The selective removal of hydrogen by
means of a permselective membrane and carbon dioxide by means of a
selective sorbent from the reaction medium can be achieved in membrane
reactors (MRs) [5-7] and sorption-enhanced reactors (SERS) [7-9], respectively.
The use of such concepts has been proven advantageous since they shift the
equilibrium of thermodynamically-limited reactions towards higher reactants
conversions and at the same time allow producing pure hydrogen streams,
especially MRs where hydrogen is separated from all other gases. The SER with
a CO; sorbent also allows reducing carbon dioxide emissions, being that if ways
to valorize the captured CO. are found it would make the concept even more
attractive. Moreover, since both these concepts combine reaction and
separation in a single unit, the reduction of capital costs could be significant.

This thesis addresses, therefore, the production of H, through glycerol
steam reforming (GSR), and to the proof-of-concept of the mentioned
multifunctional reactor concepts (SER and MR) and of an even more intensified

reaction-separation unit that combines both H, separation and CO:
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sequestration in the same device — the sorption-enhanced membrane reactor
(SEMR).

1.2 Objective and Outline of the Thesis

The main objective of this PhD work was to better understand the GSR
process and to enhance its operation by resorting to the application of SER and
MR concepts (as compared to a traditional reactor —TR) and, ultimately, by
carrying it in a SEMR, having in mind the maximization of the selective
conversion of glycerol into Hz. In order to achieve this, several stages were
required and are depicted in the following thesis outline.

Chapter 2 presents a comprehensive literature review on: GSR
thermodynamics and the influence of removing H> or CO, from the reaction
medium on the thermodynamic equilibrium of such process; an overview of the
most relevant GSR catalysts reported in the literature and a summary of some
of the proposed kinetics; a summary of experimental assessments of GSR on
both SERs and MRs, focusing firstly on the most promising CO, sorbents and
H.-permselective membranes and later on the effects of the most relevant
parameters affecting the GSR reaction in SERs and MRs.

Chapter 3 encompasses a predictive analysis of the GSR process towards
H. production. The first subchapter presents a thermodynamic analysis, carried
out in Aspen Plus software, to understand the thermodynamic limitations of the
GSR process and how it is affected when H; and/or CO; are removed from the
reaction medium. In the second subchapter a phenomenological model is
proposed to describe the performance of a TR and, after validation of the model
with data taken from the literature, a parametric analysis was carried out.

Chapter 4 addresses the synthesis, characterization and testing of

hydrotalcite-based sorbents for high temperature CO. capture. In the first
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subchapter several hydrotalcite-like materials were prepared at GIR-QUESCAT,
at the University of Salamanca (Spain), characterized through several
techniques, and the sorption equilibrium isotherms of all materials were
determined through static CO, sorption tests at 573 K. Afterwards, the sorption
kinetics during the CO; uptakes of the different materials was modeled. In the
second subchapter, the sorbent considered as the most promising in the
previous subchapter was submitted to a long term experimental campaign of
CO- breakthrough experiments under different operating conditions, in order to
evaluate its sorption capacity, stability and bed usage efficiency. The fresh,
calcined and used sorbent samples were characterized through several
techniques in order to assess how the 300 h long experimental campaign
affected its structure and surface composition.

Chapter 5 deals with the experimental assessment of GSR towards H:
production. In the first subchapter, a Rh-based catalyst supplied by Johnson
Matthey was used during the catalytic tests in a TR. The formation of coke on
the catalyst was assessed through several characterization techniques and a
combination of the GSR process and oxidative regeneration of the used catalyst
was tested. In the second subchapter, GSR experiments over the same catalyst
and under the same operating conditions used in the TR were carried out firstly
in a SER, where a commercial potassium-promoted hydrotalcite from Sasol was
used as CO; sorbent. The SER tests were carried out combining or not both
GSR and regenerative oxidation of both catalyst and sorbent. A Pd-Ag tubular
membrane supplied by Eng. Silvano Tosti (ENEA, Frascati, Rome — Italy) was
submitted to preliminary H, permeation tests at different pressures, being
followed by the experimental assessment of GSR combined with oxidative
regeneration in the SEMR. Ultimately, a comparison between the TR, SER and
SEMR is presented in terms of total glycerol conversion and glycerol conversion
into carbon-containing gaseous products, gas products yields and selectivities,

coke formation and H> purity.
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Chapter 6 presents the general conclusions of this work, some of its

limitations and perspectives of future work.
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Chapter 2. Challenges and Strategies for
Optimization of Glycerol Steam Reforming
Process — State of the Art

The steam reforming of the main biodiesel by-product, glycerol, has
been catching up the interest of the scientific community in the last years.
The use of glycerol for hydrogen production is an advantageous option not
only because glycerol is renewable but also because its use would lead to
the decrease of the price of biodiesel, thus making it more competitive.
Consequently, the use of biodiesel at large scale would significantly reduce
CO. emissions comparatively to fossil fuels. Moreover, hydrogen itself is
seen as a very attractive clean fuel for transportation purposes. Therefore,
the industrialization of the glycerol steam reforming (GSR) process would
have a tremendous global environmental impact. In the last years,
intensive research regarding GSR thermodynamics, catalysts, reaction
mechanisms and kinetics, and innovative reactor configurations (sorption-
enhanced reactors (SERs) and membrane reactors (MRs)) has been
done, aiming for improving the process effectiveness. In this review, the
main challenges and strategies adopted for optimization of GSR process
are addressed, namely the GSR thermodynamic aspects, the last
developments on catalysis and kinetics, as well as the last advances on
GSR performed in SERs and MRs.

The contents of this chapter were adapted from: Silva, J.M., M.A. Soria, and L.M.
Madeira, Challenges and strategies for optimization of glycerol steam reforming process.
Renewable and Sustainable Energy Reviews, 2015, 42, 1187-1213.



Chapter 2

2.1 Introduction

Biodiesel is a promising alternative energy source because it is a
renewable fuel and reduces greatly CO, emissions compared to fossil fuels (Fig.
2.1). The production of biodiesel is most commonly done through
transesterification with methanol of triglycerides extracted from sunflower oils,
soybean and rapeseed (Fig. 2.2). This process produces glycerol as the main
by-product (100 kg of glycerol/ton of biodiesel) [1, 2]. Moreover, the annual
worldwide production of biodiesel has been in an increasing trend lately, as can
be seen in Fig. 2.3 [3]. However, biodiesel is not competitive in terms of price
yet [4]. One way of lowering the production cost of biodiesel would be to use its
main by-product, glycerol, to produce H, (or syngas) via steam reforming, for

example, thus providing an extra value to such a waste.

CO, build up

Atmospheric Vege{able oil
Cco; ‘ producing crops

Conventional diesel
S

2§
=€

SVO - Straight
Vegetable Oil

Fig. 2.1 - Comparison of CO: emission cycles between conventional diesel and
biodiesel.

Hydrogen is a clean energy source with numerous uses and its demand is
expected to greatly increase in the future, mainly due to the technological
advancements in the fuel cell industry. Nowadays, nearly 48% of the worldwide

produced hydrogen is generated through the steam reforming of methane
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(SRM), while the reforming of naphtha/oil contributes with 30%, the coal
gasification with 18% and electrolysis with only 3.9% [5]. The SRM, in particular,
consists of CH, reacting with H2O to yield syngas at high temperatures (700-
1100 °C) [4]. Stoichiometrically, 4 mol of H, can be obtained per mole of methane
through SRM, while 7 mol of Hz can be extracted from 1 mol of glycerol through

glycerol steam reforming (GSR), as presented in Eq. (2.1).

0
0 sz O—CHs

- 5
o{ + 3HC—OH =—%= HO/Y\OH + Rz‘(
o} OH O—CHj,
R O
/\/ ° /
o) R3
) O—CHj
Triacylglycerol Methanol Glycerol

Methyl esters (Biodiesel)

Fig. 2.2 - Overall reaction of triglycerides transesterification with methanol for biodiesel
production yielding glycerol as by-product.

CsHgOs + 3H,0 — 7H, + 3C0, (AHZ2%8K =128 k] -mol™1) 2.1)

Furthermore, while for SRM a fuel (CH.) is consumed to produce another fuel,
the same thing does not happen for GSR. Therefore, the use of glycerol instead
of methane would be advantageous [4]. Even though steam reforming is the
main target of focus in this review, there are other methods to convert glycerol
into Hy:

e Auto-thermal reforming [6-8].

o Partial oxidation gasification [9-11].

e Aqueous-phase reforming [12-14].

e Supercritical water reforming [15-17].
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Fig. 2.3 - Evolution of worldwide biodiesel production between 2001 and 2011 [3].

The reason why GSR was chosen as focus of study instead of any of the other
processes is mainly due to the fact that the steam reforming process is widely
used in industry and it would not require many changes in the system if the
feedstock was changed from natural gas or naphtha to glycerol [4].

The GSR process, like any other process, has some challenges that need
to be overcome in order to accomplish its effective commercialization. Some of
the main challenges are:

e The GSR is an endothermic reaction, thus requiring high temperatures
and inherently high operating costs. Furthermore, more resistant
reactors would be needed and so higher capital costs would be
involved.

e The GSR process has side reactions, which affect both production and
purity of H,. The main side reactions represented by Eqs. (2.2-2.4) lead
to methane formation either by reaction of carbon monoxide and
hydrogen or reaction of carbon dioxide and hydrogen or through

hydrogenolysis of glycerol, respectively.
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CO+ 3H, = CH, + H,0 (4H?°8K = —-206kJ-mol™1) (2.2)
CO, + 4H, = CH, + 2H,0 (AH?°8K = —165k/J-mol™1) (2.3)

C3HgOs + 2H, — 2CH, + CO + 2H,0  (4H?98K = —160 k] -mol™1)  (2.4)

e Although 7 mol of hydrogen should theoretically be produced per each
mole of glycerol that reacts, many authors have observed upper H: yield
limits lower than 7 [18-23].

¢ The GSR is a thermodynamically-limited reaction (Eq. (2.1)), being
inherently the conversion detrimentally affected in certain conditions,
particularly at lower temperatures [24].

o The formation of coke is also an issue since it deactivates the catalyst,
thus affecting H. yield and purity and long term operation.

e Besides producing hydrogen the GSR reaction also produces carbon
dioxide, whose release is target of environmental concern and restricted
by legislation.

With the aim of addressing these problems, new catalysts have been
developed and different purification methods have been studied. Moreover, new
reactor configurations combining the GSR reaction and hydrogen or carbon
dioxide selective removal have also been target of intense research, due to their
potential to solve some of the limitations previously mentioned. In this review
some of the important developments regarding the GSR reaction (including
thermodynamics, developed catalysts and reaction kinetics) and its combination
with a hydrogen permselective membrane or a CO; sorbent, in the perspective
of process intensification, are reviewed. Up to the author’s knowledge, a review

that conjugates a literature survey of all these subjects is still missing.
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2.2 Thermodynamics of GSR - |Influence of
different parameters

2.2.1 Conventional GSR

The GSR is an equilibrium-limited process, as previously mentioned, that
involves the decomposition of glycerol followed by the water-gas shift (WGS)

reaction:
C3HgO; —» 3CO +4H, (4H?°8K =251kJ-mol™1) (2.5)
CO+ H,0 = H, + CO, (AH?°8K = —41k]-mol™1) (2.6)

In order to maximize the production of hydrogen, one must first fully understand
how the thermodynamic boundaries are influenced by the different parameters.

There are several studies focused on the thermodynamics of the GSR [24-
31]. One of the most important parameters affecting any reaction system is
temperature. Once glycerol decompaosition is highly endothermic and requires
more heat than that produced in the WGS reaction, the overall GSR process is
endothermic (Eg. (2.1)), thus meaning that higher temperatures benefit the H,
production (glycerol conversion, H. yield and selectivity) (Fig. 2.4) [24].
Mathematically, the equilibrium of a system at constant pressure and

temperature is given as follows:

K
i=1

where G is the Gibbs free energy, y; is the chemical potential of component i
and n; is the number of moles of component i in the system. The goal is to
determine the set of n; values that minimize de value of G (thermodynamic

equilibrium). There are two different thermodynamic approaches that can be
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used to solve this: (i) stoichiometric [30, 32, 33] and (ii) nonstoichiometric [24-
28, 31, 34-38]. By using the stoichiometric approach a set of stoichiometrically
independent reactions, which are normally chosen arbitrarily from a set of
possible reactions, is used to describe the system. Instead, if the
nonstoichiometric method is used the equilibrium compaosition is calculated
based on the direct minimization of the Gibbs free energy of a specific set of
species [27]. Both methods have their own advantages, however there has been
a significant tendency towards the nonstoichiometric one. In fact, the use of the
latter does not require a selection of the possible set of reactions. Moreover,
during computation there is no divergence and there is no need of an accurate
initial estimation of the equilibrium composition [27].

Since the GSR is an endothermic process (AH® > 0), if higher
temperatures are used more hydrogen is produced, thus confirming the trend in
Fig. 2.4. Furthermore, a variation of the number of moles of all products (Hz, CO,
CO; and CH4) with temperature is also observed in this figure. At lower
temperatures, the formation of H,, CO, and CH4 as main products is seen. This
might be due to the fact that the exothermic WGS and methane formation
reactions are mainly favored at low temperatures. In contrast, endothermic
reactions like GSR and reverse WGS are more favored at higher temperatures.
This could explain the increase of both H, and CO contents and the small
decrease of CO, observed at those temperatures. In any case, an optimum high
temperature is normally determined. However, higher temperatures are not
favorable from the economic point of view and so alternative ways to attain high
H: production yields have to be considered.

The molar water/glycerol feed ratio (WGFR) has also been found to highly
influence the production of H, (mainly the H, yield and selectivity) in the
equilibrium. Considering the Le Chatelier’s principle, it is expectable that for
higher WGFRs the equilibrium shifts towards the consumption of the excess of

water, thus producing more hydrogen. Such a behavior has been indeed verified
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and, as can be seen in Fig. 2.5 [29], the H; vield increases as the WGFR
increases from 4 to 15, whatever the temperature.

" P
. ,,..,..,.
S 60 -
B
=
| E -
o] steam—
0 | | I I I

400 450 500 550 600 650 700

TCO

() "]

Molar number

400 450 500 550 600 650 700
TGO

Fig. 2.4 - Thermodynamic equilibrium of GSR: (a) glycerol and steam conversions and
(b) moles of gas products. Molar water/glycerol feed ratio (WGFR) = 9, atmospheric
pressure and considering Egs. (2.2), (2.5) and (2.6). Taken from [24].

For WGFRs above 9 the H, yield increases at a slower rate, especially at higher
temperatures. However, the amount of water used should not be too high due to
the excessive vaporization costs that it would bring at industrial scale. Moreover,
it should be chosen taking into consideration the H,O activation capacity of the

catalyst used and the other operating conditions (temperature and pressure).
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feed

Mole H2 | mole atycerol in

Fig. 2.5 - Moles of Hz produced per mole of glycerol during GSR as function of WGFR
and temperature at 1 atm and considering Egs. (2.2), (2.3), (2.5) and (2.6). Taken from
[29].

The influence of both operation temperature and WGFR on the formation
of coke has been investigated as well [25, 28, 39]. Adhikari et al. [28] suggest
that carbon formation may happen through the following reactions

20 =2C0,+C (AH2%8K = —172 k] -mol™1)

(2.8)
CH,=2H,+C (4H?®K =75k] -mol™1) (2.9)
CO+ H,=H,0+C (AH?°8K = —131kJ-mol™1) (2.10)
CO, + 2H, = 2H,0+C (4H?%8K = —90 kJ - mol™?) (2.11)

Fig. 2.6 [25] shows that, in order to avoid carbon formation, which poisons the
catalysts, high WGFRs and temperatures should be used. In fact, for WGFRs

higher than 5, carbon formation is completely inhibited for all the temperature

range considered (550-1000 K). These results are in line with those obtained by
Adhikhari et al. [28] and Authayanun et al. [39].
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Moles of C

12~ 1000 <&

Fig. 2.6 - Moles of carbon formed as a function of WGFR and temperature at 50 atm.
Adapted from [25].

Pressure is also an important parameter because it has a significant
influence on the performance of reaction systems. That influence is even more
noticeable for processes during which there is variation of the total number of
moles, like the GSR, since it affects the thermodynamic equilibrium (Le
Chatelier’s principle). For the case of GSR, higher pressures lead to a lower
hydrogen production in the equilibrium. Moreover, enhanced formation of
methane has also been verified [25, 28-30]. Therefore, it results to be
advantageous to use lower pressures not only because it is economically more
attractive (as far as the pressure is not too low) but also because it leads, under
equilibrium, to higher H, production (Fig. 2.7) [26]. Pressures lower than the
atmospheric pressure would be desired, however, these pressures are more
difficult to attain under economically attractive conditions in industrial practice.
An alternative way to achieve this would be to use a carrier gas to dilute the
reactants, thus decreasing their partial pressures. Chen et al. [26] came to the
conclusion that by increasing the amount of carrier gas, not only the maximum
H> production increased but also the optimum temperature dropped. Although it
may seem a good solution, at industrial scale it is not so attractive since it would

require complex separation processes after the reactor.
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Fig. 2.7 - Effect of total pressure on the number of moles of different components in the
equilibrium. T =450 °C, WGFR = 9, feeding reactants to inert gas ratio = 1:4. Taken from
[26].

In sum, it is clear that high temperatures, high WGFRs and low pressures
favor hydrogen production in the equilibrium. Temperatures between 580-702
°C, WGFRs between 9-12 and atmospheric pressure have been reported in the

literature as optimum conditions [25-27, 29].

2.2.2 GSR with CO2 sorption

It is clear that even at favorable conditions, the GSR equilibrium is still
quite limiting in terms of H, yield, for example. For the cases analyzed in the
previous section, the maximum H; yields observed were close to 6, due to the
co-existence of several reaction apart GSR. However, according to the GSR
reaction stoichiometry (Eqg. (2.1)), a maximum H. yield close to 7 can be
obtained. Such a yield could be reached by performing GSR simultaneously with
CO. capture, since the selective removal of CO: shifts the thermodynamic
equilibrium towards higher H. yields. The sorption-enhanced glycerol steam
reforming (SEGSR) process also allows to work at milder operating conditions,

thus leading to lower operation costs. Moreover, since the emissions of CO; are
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diminished, the SEGSR can be considered as a good solution as long as there
is a way to store/valorize captured CO; [40]. In this section a review of some
thermodynamic studies on SEGSR is done.

Different approaches have been used to account for CO; sorption in
thermodynamic simulations. Wang et al. [41] accounted for 17 species in
SEGSR among which 13 were gases and 4 were solids. These solids include
carbon, Ca0O, CaCOs3; and Ca(OH).. It is assumed that, in the presence of a CO;
sorbent like CaO, the following reactions take place:

CaO(s) + CO,(g) = CaCO3(s) (2.12)
CaO(s) + H,0(g) = Ca(OH),(s) (2.13)
Ca(OH),(s) + CO,(g) = CaCO5(s) + H,0(g) (2.14)

In Fig. 2.8 [41] the effect of temperature and WGFR on the equilibrium
concentration of H, (dry basis) during (a) GSR and (b) SEGSR is presented. For
the first case, the observed behavior is very similar to what has already been
discussed in the previous section. Regarding the SEGSR, it can be observed
that for increasing WGFR values, at constant temperature, the equilibrium
hydrogen concentration also increases for the reason stated before. Therefore
a balance should be sought, being that a value of 9 is proposed by Chen et al.
[42] and Silva et al. [43] as the most favorable for hydrogen production. In terms
of temperature, a more noticeable effect is observed. While for temperatures
between 500-900 K and constant WGFR there is an increase of the equilibrium
hydrogen concentration, for temperatures above 900 K this concentration
decreases. The authors suggest that the increase of the H, concentration up to
900 K is associated to the compromise between Egs. (2.2), (2.5), (2.6), (2.12)
and (2.13). The decrease of the equilibrium hydrogen concentration observed
thereafter is due to the fact that the CO, sorption described by Eq. (2.12) is

inhibited due to its exothermic nature.

18



Challenges and Strategies for Optimization of Glycerol Steam Reforming
Process — State of the Art

Ci 1%

Cuo 1%
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Fig. 2.8 - Hydrogen concentration (dry basis) in equilibrium as function of temperature
and WGFR in (a) GSR and (b) SEGSR, at 1 atm. Adapted from [41].

By comparing Fig. 2.8 a) and b), it is clear that the removal of CO» during reaction
enhances H; production (Le Chatelier's principle), especially at lower
temperatures where CO; sorption is more intense. Chen et al. [42] observed
that, while without CO, capture the maximum H; yield, at WGFR of 9 and 1 atm,
was 6, H yields of approximately 6.5 and 7 were obtained when 80% and 99%
of the CO, was removed, respectively. Moreover, the increment of H, production
due to CO, removal is higher for lower temperatures, which is related with the

fact that lower temperatures favor CO, capture.
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Regarding the variation of the concentration of CO, Wang et al. [41]
observed very similar behavior between GSR and SEGSR at temperatures
above 900 K. However, at temperatures below 900 K the CO; concentration was
much lower in the SEGSR due to the already mentioned enhanced sorption,
despite the higher CO; production (Le Chatelier’s principle). On the other hand,
the production of both methane and carbon monoxide is lower in the SEGSR.

Chen et al. [44] varied the operation pressure between 1-20 atm and
analyzed its effect on both GSR and SEGSR in terms of hydrogen yield. The first
thing that the authors noticed was that the H; yield decreased with increasing
pressures for both processes. However, the SEGSR was less sensitive to
pressure than GSR. This happens because, even though higher pressures do
not favor SEGSR but methanation instead, higher pressures enhance CO,
sorption. For this reason, the negative effects of pressure are diminished during
SEGSR, being that the increment in the production of H» due to CO, removal is
more noticeable at higher pressures.

The sorbent/glycerol ratio is also an important parameter to be taken into
consideration. The concentration of H, increases for increasing CaO/glycerol
ratios, while the concentrations of both CO and CO- highly decrease [41]. The
concentration of methane presents a maximum. However, for increasing
CaOlglycerol molar ratios above 10, there is almost no variation of H,, CO, CO,
and CH, concentrations. Therefore, 10 may be considered the optimum
CaOlglycerol molar ratio.

Finally, the deposition of carbon has also been target of investigation. As
already discussed for GSR, high temperatures and WGFRs inhibit coke
formation. Wang and co-authors observed higher carbon deposition in GSR than
in SEGSR. Therefore it can be concluded that the capture of CO; inhibits coke
formation. This is supported by the lower concentrations of CO and CO3, which
origin coke formation, during SEGSR (Egs. (2.8), (2.10) and (2.11)). On the other
hand, by analyzing Fig. 2.9 [41] it can be observed, for SEGSR, that at 1 atm
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coke is completely absent at temperatures above 500 K and WGFRs higher than

1.8.
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Fig. 2.9 - Coke free (I) and coke formed (ll) regions in SEGSR as a function of
temperature and WGFR, at 1 atm, 10 atm and 50 atm. Taken from [41].

By increasing the pressure from 1 to 50 bar, the formation of a second carbon
formed region occurs. This might be because of the enhancement of the
reactions in Egs. (2.8), (2.10) and (2.11). In this case coke formation is only
completely avoided at WGFRs above 3 (again for temperatures above 500 K).
In another work, Silva et al. [43] concluded that even using a WGFR as low as
1.5, it would be possible to work at temperatures below 885 K (1 atm) without
any carbon formation. Furthermore, in order to eliminate the possibility of carbon
formation in all the temperature range (500-1400 K) under atmospheric
pressure, WGFRs higher than 2 would have to be used. This value is very similar

to the one reported by Wang et al. [41] — Fig. 2.9.

2.2.3 GSR with H2 removal

The removal of hydrogen from the reaction medium instead of CO; is

another possibility that has been target of some interest. Analogously to the

21



Chapter 2

SEGSR, the selective removal of H, during GSR by means of a membrane
reactor (MR) also shifts the thermodynamic equilibrium towards higher H; yields.
Moreover a highly pure H, stream, which is suitable to be used in polymer
electrolyte membrane fuel cells (PEMFCs), is generated. There have been
several studies that have focused on the experimental assessment of GSR in
MRs, however the study of the thermodynamic behavior of the process has
seldom been done. A revision of such work is briefly reported in this section.

Wang et al. [45] investigated the effect of temperature, WGFR, pressure and
fraction of hydrogen removal on a MR. Regarding the operation pressure, it was
found that higher pressures benefit the permeation of hydrogen through the
membrane due to the increase of the driving force. However, the
thermodynamics of GSR is not favored by high pressures as already discussed.
The authors observed that superior hydrogen production occurs at 1 atm and,
for that reason, all the analysis was performed at this pressure. Fig. 2.10 [45]
depicts the influence of both temperature and WGFR on the production of H,
through GSR in a MR. It is observable that, as expected, the increase of both
temperature and WGFR provoke an enhancement in the production of hydrogen.
However, H; production reaches a maximum at a certain temperature and then
starts decreasing for higher temperatures (such effect is not verified for H-
removals of 99% and 100%). Regarding the fraction of H, removal, removing
more hydrogen shifts the thermodynamic equilibrium towards higher hydrogen
production according to the Le Chatelier's principle. Moreover, higher H:
removal dislocates the maximum hydrogen production to lower temperatures
(Fig. 2.10 a)). While with no H, removal the maximum H yield is approximately
6 at 925 K, the maximum yield becomes close to 7 at 825 K for 80% of H;
removal, and with fractional hydrogen removal of 0.99 and 1, the H, yield is close
to 7 for all range of temperatures considered. The same is verified for all range
of WGFRs considered (Fig. 2.10 b)). Furthermore, the increase in Hz production

when the WGFR increases from 9 to 12 is very small. Consequently, the
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optimum conditions for GSR in the MR were found to be 825-875 K, WGFR of 9

and 1 atm. The formation of both CO and CH. is decreased by selectively

removing Ha.
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Fig. 2.10 - Effect of (a) temperature (WGFR = 9) and (b) WGFR (T = 850 K) at 1 atm
and fraction of hydrogen removal (f) on the production of Hz. Adapted from [45].

The formation of carbon was also analyzed by Wang et al. [45]. As can be
seen in Fig. 2.11 [45], a WGFR value of 4.5 is enough to completely inhibit
carbon formation for all range of temperatures and fractions of hydrogen removal

tested. With exception to the case of fractional H, removal of 0.99, the minimum
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WGFR required to avoid carbon formation decreases slightly with the increase
of temperature up to 800 K. From that point on, the decrease with temperature
is much faster and from approximately 873 K on, the influence of the H, removal
fraction on the minimum WGFR is practically negligible. For a fraction of
hydrogen removal of 0.99 the minimum WGFR required to inhibit carbon
formation decreases very rapidly. By comparing the different levels of hydrogen
removal, it can be observed that higher hydrogen removal leads to higher
minimum WGFRs necessary to inhibit carbon formation, except for 99%
hydrogen removal (where the minimum WGFR necessary to avoid carbon
formation becomes lower than that for lower hydrogen removal fractions at
temperatures lower than 923 K). In any case, if the optimum WGFR of 9 is used,

no problems with carbon formation will exist.
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Fig. 2.11 - Carbon formation as function of WGFR and temperature at 1 atm, for different
values of f. Adapted from [45].

2.3 GSR catalysts developments

In the last decade extensive research has been done regarding the

heterogeneous catalysis of the GSR reaction for either synthesis gas or H;
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production. The most investigated materials until now have been Ni, Pt, Co and
Ru-based catalysts. Other less researched materials like Rh, Ir and Pd have also
shown interesting attributes. Among the above mentioned catalysts, Ni-based
catalysts, as non-noble metal-based catalysts, have been extensively studied.
At the moment, the main goal is to design highly reducible and with high oxygen

mobility redox catalysts for low-temperature GSR [46].

2.3.1 Ni-based catalysts

Nickel catalysts for the GSR have been extensively studied over the last
years. A big advantage that Ni catalysts present when compared to the noble
metal-based ones is their lower price.

2.3.1.1 Effect of the support on the catalytic performance

It has been found that the use of different supports in Ni-based catalysts
results in much different catalytic performances [47-51]. Table 2.1 summarizes
the catalytic performance and operating conditions of different Ni-based
catalysts on GSR. Adhikari et al. [48] compared the performance of Ni catalysts
on different supports: MgO, CeO- and TiO,. At 600 °C and WGFR of 9, it was
observed the following order of H, selectivity: CeO- (70%) > MgO (40%) > TiO:
(15%). Moreover, the ceria supported catalyst was found to present the lowest
carbon deposition. It was suggested that ceria establishes a better interaction
with the nickel active phase, which leads to a higher metal dispersion and
inherently available surface area. Pant et al. [50] observed that the presence of
ceria affects the reduction of Ni* species, thus enhancing the catalyst activity.

It has also been suggested that the dual oxidation state (+4/+3) that ceria
presents leads to oxygen release which reacts with the carbon that is deposited,

thus reducing coke formation [15, 52-55].
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Table 2.1 - Summary of the catalytic performance and operating conditions of different Ni-based catalysts on GSR.

Catalyst

Operating Conditions

Conversion/ %

Type of Conversion

Hz Yield / %2/
Selectivity / %

Reference

11.6 wt% Ni/CeOz2

9.62 wt% Ni/MgO

12.7 wt% Ni/TiO2

10 wt% Ni/ZrO2

12.6 Wt% Nily-Al203

10 wt% Ni/SiC

600 °C, 1 atm, feed flow rate =
0.5 mL-mint and WGFR =9

600 °C, 1 atm, feed flow rate =
0.5 mL-mintand WGFR =9

600 °C, 1 atm, feed flow rate =
0.5 mL'-mint and WGFR =9

650 °C, 1 atm, feed flow rate =
0.06 mL-mint and 10 wt%

glycerol

500 °C, 4 atm, WHSVf=7.7 h1

and 10 wt% glycerol

400 °C, 1 atm, WHSVf=33.3 h!

and WGFR =9

100

100

60

72 (20 h)d

100 (8 hd

95.2 (60 h)d

Glycerol conversion®

Glycerol conversion®

Glycerol conversion®

Glycerol conversion
to gaseous products®

Glycerol conversion®

Glycerol conversion
to gaseous products®

n.d.c/70

n.d.c/40

n.d.c/15

65/n.d.c

50/n.d.c

n.d.¢/n.d.c

(48]

(48]

(48]

[51]

(53]

[60]

a Based on the thermodynamic limit established in each work.
b Calculation based on the total amount of glycerol converted.

¢n.d.: not determined.
dTime of operation after which the data was collected.

€ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHa).
FWHSV: weight hourly space velocity.
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Moreover, Ni/CeO; catalyst is able to enhance both methane reforming and
WGS reaction and presents high hydrogen selectivity through GSR [28, 56-58].
Also, it has been reported that the H, yield is highly dependent on the nature of
the active phase as well as its interaction with ceria [28, 56, 57, 59].

The acidic character of TiO- is responsible for the higher coke formation
on Ni/TiO2, which leads to a worse GSR performance [48]. Nichele et al. [51]
showed that Ni/TiO2 has very low activity in C-C bond rupture, even at high
temperatures, and that the contribution of the WGS reaction is even smaller.
This is due to the fact that anatase, where nickel ions are incorporated after
being oxidized and then reduced under H: flow, is stable only at relatively low
temperatures and its weak interaction with Ni is not able to avoid re-oxidation of
the metallic active phase in the steam reforming conditions [51].

Sanchez et al. [49], Pant et al. [50] and Adhikari et al. [56] analyzed the
performance of Ni/Al,Os catalysts for the GSR. The first group observed catalyst
deactivation after 8h time on stream (at 600 and 650 °C). Wen et al. [61] verified
that Ni-Al.Os supported catalysts undergo quick deactivation. However, as
already stated, deactivation is highly dependent on, among another things, the
support nature. Many authors have verified the formation of carbonaceous
deposits over Ni/Al.Os, which led to relatively fast catalyst deactivation [49, 50,
61, 62]. Normally, the formation of coke deposits is associated to dehydration,
cracking and polymerization reactions which take place on the acid sites of
alumina [63]. Besides presenting higher carbon deposition, Pant et al. [50] also
concluded that the prepared Ni/Al,O3 catalyst presented higher catalyst sintering
than the Ni-ceria supported one. It has been suggested that the sintering of the
Ni active phase is associated to a transition of alumina to crystalline phase
during reaction [64].

Nichele et al. [51] also tested a Ni/ZrO, catalyst, having concluded that it
presented high surface area, high stability at 650 °C and strong interaction of the

support with the metal phase. Also, it was found that for lower temperatures (500
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°C) the zirconia supported catalyst was even more active. However, there was
a lower stability. In the same work a Ni/SBA-15 was also used, having presented
insufficient hydrothermal resistance, which led to catalyst deactivation. However,
sintering was avoided since it provided a good stabilization of the Ni active
phase.

Nickel supported on neutral SiC has been reported to present outstanding
stability and high yield of syngas [60]. The neutral nature of this material
promotes an intrinsic nickel contribution to GSR, especially in terms of
dehydrogenation and decarbonylation. Simultaneously, SiC leads to minimal
side reactions from the condensation and the dehydration induced by the basic
and acid properties, respectively. Because of this, the Ni/SiC catalyst is able to
present high stability for GSR and low carbon deposition.

It is, therefore, evident that the nature of the support affects mainly the
stability of the active phase. In order to reach a highly stable active phase, strong
interactions between the metal phase and the support are required. These

strong interactions also lead to higher activity and selectivity.

2.3.1.2 Effect of the addition of a promoter on the catalytic
performance

In many studies reported in the literature, promoters have been used in Ni-
supported catalysts in order to improve their performance towards the GSR
reaction. Table 2.2 presents, in summary, the effect of the promoter on the
catalytic activity.

As previously mentioned, ceria presents good characteristics for GSR,
having for that reason been used by many authors as a promoter [53, 67-69]. In
general the addition of CeO; promoter enhances the activity of the non-promoted
catalyst. This is mainly related to the capacity of ceria to stabilize the nickel active
phase and to promote the steam reforming of the oxygenated hydrocarbons

intermediates, thus leading to a reduction of coke deposition.
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Table 2.2 - Summary of the catalytic performance and operating conditions of different promoted Ni-based catalysts on GSR.

H2 Yield / %2/

Catalyst Operating Conditions Conversion/ % Type of Conversion o Reference
Selectivity / %

8'43%')\2/ )L’;:‘gse’/ . Oi'ng' i‘tomv;/t\%Hg?x:ar:oI?.? ht 100 (8 h) Glycerol conversion? 99.7/n.d. [22]
Alzélg,./?l.\:,%vt\jﬁg ilcyé O, 500 02;13 itomv;/t\{)\/gHg?x:ar:or? vt 100 (8 h)c Glycerol conversiond 80.3/n.d.® [53]
13"1?”\7\/,‘,’[ OI/?;“/Zyr -gzles 500 oihé it)mv;/t\(/)\/g_;?x;r:or? h™ 100 (7-8h)°  Giycerol conversiond 62/n.d.e [65]

10 wt% Ni/MoLaCa- 600 °C, feed flow rate = 0.63 82.03 (100 hye  Glycerol conversion n.d.ein.d.e [66]

LTA

mL-min-t and 35 wt% glycerol

to gaseous products'

a Based on the thermodynamic limit established in each work.
b WHSV: weight hourly space velocity.

¢ Time of operation after which the data was collected.

d Calculation based on the total amount of glycerol converted.
€ n.d.: not determined.

f Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHa).
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It has also been suggested that Ce inhibits secondary dehydration reactions,
which are normally favored by the presence of support acid sites, which lead to
the formation of hydrocarbons that are coke precursors and generate fast
catalyst deactivation [68]. It is, nonetheless, important to notice that the ceria
loading must not be too high. Iriondo et al. [53] suggest that for a 20 wt% ceria
promoter content on alumina, ceria tends to interact with alumina instead of Ni,
thus decreasing the stabilization of the nickel active phase and lowering the
available surface for Ni dispersion. In the same way, it is also possible that the
bigger size of ceria crystallites could also diminish the interaction between ceria
and nickel active phase [70]. On the other hand, Cui et al. [54] showed that the
activity of the LaopsCeorsNiOsz mixed oxide catalyst for GSR is enhanced
compared to LaNiO; catalysts and that its performance is comparable to that of
a noble metal like Pt [54].

The use of ZrO; as a catalyst modifier has also been reported as an
alternative promoter [18, 65, 67, 68], despite the fact that ZrO- alone is not very
active for steam reforming [71]. Iriondo et al.[67] observed that the addition of
zirconia promoter to alumina not only enhanced the performance of the non-
promoted catalyst but also presented better GSR performance than the ceria-
promoted catalyst. The addition of an intermediate ZrO, content [65, 72, 73]
enhanced the H; yield and the capacity of the catalyst to reform intermediate
products (thus suppressing secondary reactions), even at 500 °C, due to the
enhancement of H>O activation by ZrO.. It is suggested that this improvement is
associated to the formation of ZrO»-Al,O3 species, which facilitates the reduction
of Ni** [65]. Pant and co-workers [18] came to similar conclusions after
performing GSR over a ZrO»-promoted Ni/CeO- catalyst. Zirconia is able to make
the ceria support more crystalline, consequently improving the metal dispersion.
It is also known that, in general, ZrO, inhibits sintering of metallic active sites in

the presence of water at high temperatures [64].
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With the aim of reducing the acidity of alumina supports, thus preventing
metal sintering and catalyst deactivation, alumina supports have been modified
with basic La,03[22, 66, 67, 74, 75]. It has also been reported the performance
of a Ni/SiO, modified with La,Os for the GSR [76]. The combination of SiO»,
which is known to present large surface area and weak acidity, and LaxOs,
favored the formation of H, and CO, and reduced carbon formation. This
decrease in the carbon formation with increasing La,O3 content was due to the
formation of a La carbonate that removes C species deposited on the nickel
sites. Therefore, the 30 wt% (highest La,Os; content used) La,Os catalyst
presented itself as promising system for GSR, since it was stable (Fig. 2.12) [76],
while presenting good glycerol conversion, good H. yield and low carbon
formation.

50
Ni30LaSi - 10h
45
4,0
3,5 1
3,0
2,5 4
-
20 .‘..ilin‘il.llll,.l'...I'F'Ii'lil.

1,5

mol prod./mol glycerol in feed.

1,0
Ao vYVY VY Y Y Y VY Yy Y Y yy " YYvVvyvy
051a, A4 "’*“A‘*‘“"““mﬂ AahdshdAd

00 eadeee e e e taa sl tnantnnene
0 1 2 3 4 5 6 7 8 9 10
Time (h)

Fig. 2.12 - Yield of gaseous products formed during the stability reaction of GSR with
the 30 wt% La203 content catalyst (mH> @ CHs & CO ¥ CO2 4 C2H4). Taken from [76].

The addition of basic Mg(ll) to Ni/Al,Os catalysts has been reported to
prevent carbon formation by favoring both the adsorption of H,O, O, CO, or —
OH fragments and the spillover of such fragments from the support to the metal
particles [20, 77, 78], thus facilitating carbon gasification. Moreover, the use
Mg(ll) promoter in Ni/Al2Oz materials enhances the stability of Ni against

sintering, since it decreases the degree of interaction of Ni with alumina through
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intercalation between the nickel active phase and alumina. Consequently, the
incorporation of nickel in the alumina phase is inhibited [67]. It has been found
that the use of low amounts of Mg(ll) promoter leads to higher metal dispersion,
thus favoring glycerol conversion into gaseous products, while higher loadings
result in lower coke deposition [20]. Other basic promoters such as Mo [66, 79-
83] and Ca [66, 69, 79] have also been reported to enhance the GSR
performance of non-promoted catalyst, for the same reasons previously
mentioned for basic modifiers. Huang et al. [66] observed that the simultaneous
presence of Mo-La-Ca inhibits the interaction between nickel and the
commercial Ca-containing Linde-type 5A zeolite support, thus resulting in a
remarkable stability during GSR (no deactivation during 100 h time-on-stream).
Gong and co-workers [84] verified that the synergetic effect caused by the partial
substitution of La by Ca in the perovskite structure leads to enhanced metal
dispersion and stronger metal-support interaction.

Hakim et al. [85] studied the GSR reaction over hydroxyapatite-supported
Ni-Ce-Cu catalysts. It was found that doping with Cu influenced the catalytic
performance of the catalyst. Also, higher Cu contents led to higher glycerol
conversions and hydrogen production. Hakim’s group came to the conclusion
that the interaction between CuO and CeO; on the hydroxyapatite support in the
GSR reaction enhanced the active sites (more active sites) of the catalysts.
Moreover, the presence of ceria facilitated the reduction and increased the
dispersion of the copper species on the surface of the catalysts. In terms of Ni
content, it was found that it does not enhance significantly the production of H..
As a matter of fact, it is suggested that since for the catalysts with higher Ni
loading there is a greater presence of NiO phase on the surface of the catalysts
during preparation and calcination, not all the nickel ions substituted the position
of Ca?" in the hydroxyapatite support and some metallic nickel became

agglomerated.
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Profeti et al. [86] studied the catalytic activity of Ni/CeO»-Al,O3 catalysts
modified with noble metals (Pt, Ir, Pd and Ru) for the GSR reaction. The addition
of noble metals stabilizes the Ni sites in the reduced state, increasing the
glycerol conversion and decreasing the coke formation. Moreover, this
stabilization of the nickel surface species interacting with the support occurs at
lower temperatures in the presence of small amounts of noble metals due to
hydrogen spillover effect. A more detailed review on noble metal-based catalysts
for GSR is done in further sections.

2.3.2 Pt-based catalysts

Noble metal catalysts normally are more active and stable towards the
GSR reaction that Ni-based materials [87]. Pt-based catalysts are no exception
and because of that, many authors have studied the potential of these catalysts
for H, production through this process.

2.3.21 Effect of the support on the catalytic performance

Platinum catalysts supported on carbon have been investigated for the
GSR either for syngas or hydrogen production [88-90]. A summary of the
catalytic performance and operating conditions of some Pt-based catalysts is
presented in Table 2.3. It has been found that Pt/C supported catalysts present
higher stability during GSR than other Pt-based materials making use of different
supports (AlOs, ZrO,, MgO/ZrO,, and CeO2/ZrOy); this is due to the very low
formation of C,-hydrocarbons, which is symptomatic of lower carbon formation
on the Pt/C catalyst [88]. Sutar et al. [89] attained catalytic results for GSR over
a Pt/C sample that are in general comparable to the ones presented in the
previous section for some Ni-based catalysts. However, for nickel catalysts
those results were obtained at temperatures around 600-700 °C, while in this

case the temperature used was 400 °C — Table 2.3.
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Table 2.3 - Summary of the catalytic performance and operating conditions of different Pt-based catalysts on GSR.

H2 Yield / %2/

Catalyst Operating Conditions Conversion/ % Type of Conversion o Reference
Selectivity / %
3 Wi% 600 °C, 1atm, feed flow rate = 0.06 Glveerol conversion
PY-0 mL-min-1, carrier gas flow rate = 33 100 (2.5-3 h)® to yaseous roductse 90.0/n.d.d [54]
203 mL-min? and WGFR = 24 9 P
400 °C, 5 atm, volumetric flow rate at
5% Pt/C reactor inlet = 210 mL-min-t and WGFR 60 (3 h)b Glycerol conversione 37.0/n.d.d [89]
=9
350 °C, 1 atm, Space time = 0.88 min .
0 L L 7
1 wi%% feed flow rate = 0.5 mL-min" and 10 85 (2 hyp Glycerol conversion n.d.c/n.d.¢ [91]
Pt/SiO2 to gaseous products®
wt% glycerol
350 °C, 1 atm, Space time = 0.88 min .
0, ’ ’ ’
2 wt%h feed flow rate = 0.5 mL-min and 10 100 (2 by ~Glveerol conversion n.d.9/n.d.¢ [91]
Pt/SiO2 to gaseous products®
wt% glycerol
Glycerol conversion
3 wt% 350 °C, 1 atm, feed flow rate = 0.32 N c din A d
Pt/ALOs mL-min and 30 wt% glycerol ~21.0 to gaseous products n.d.%/n.d. [92]

a Based on the thermodynamic limit established in each work.
b Time of operation after which the data was collected.
¢ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHa).
4'n.d.: not determined.
€ Calculation based on the total amount of glycerol converted.
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Simonetti et al. [88] reported an even more noticeable superior activity of Pt-
based catalysts for the GSR compared to nickel ones.

Although Pt/C supported catalysts present very interesting results at
relatively low temperatures, they are more suitable for syngas production.
Oxide supports, on the other hand, promote the WGS reaction, thus being more
appropriated for hydrogen production with lower CO content [88, 93-96]. Despite
this, acid ZrO; and Al,Oz supports lead to fast deactivation of platinum catalysts
mainly due to coke deposition, which results from the promotion of lateral
reactions of dehydration, hydrogenolysis, dehydrogenation and condensation
[88, 97], as seen for Ni-based catalysts. It has been reported that the acidity of
supports decreases in the order Al,Os > ZrO, > SiO, [97, 98]. Therefore, a
solution for this deactivation problem includes the use of a support with lower
acidity, like SiO, [91, 97, 99]. According to Pompeo et al. [91, 97], the silica
support allows the Pt catalysts to promote mainly dehydrogenation reactions and
subsequent cleavage of C-C bonds, thus presenting excellent activity to gaseous
products, high H, selectivity and remarkable stability over time. It was also
observed for Pt/SiO, supported catalyst that increasing the Pt content maintains
the same active phase (same metal dispersion and average particle size).
Therefore, the 2 wt% Pt catalyst shown in Table 2.3 presented better
performance than the 1 wt% Pt one. Moreover, a comparison between Pt and Ni
catalysts supported on SiO; was done at 350 and 450 °C.

At these temperatures the Ni-based catalysts ended up deactivating after
a couple of hours, while the Pt-based catalysts presented higher stability;
moreover, at 350 °C the 2 wt% Pt catalyst was considerably more stable than
the 1 wt% Pt catalyst (Fig. 2.13) [91].

A Pt/Y,03 catalyst was tested for GSR by Cui et al. [54], having presented

high glycerol conversion into gaseous products as well as high hydrogen yield.
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Fig. 2.13 - Activity over time-on-stream at 350 °C and 450 °C with different catalysts
supported on SiO2 (feed flow rate of 0.5 mL-min-t, 10 wt% aqueous solution of glycerol
and for a residence time of 0.88 min). Taken from [91].

2.3.2.2 Effect of the addition of a promoter on the catalytic
performance

Similarly to Ni-based catalysts, the performance of Pt-based catalysts can
be enhanced by adding promoters. Table 2.4 summarizes the effect of different
promoters on the GSR catalytic activity of Pt-based catalysts. It has been
demonstrated that the heat of CO adsorption on Pt-based catalysts can be
decreased by the formation of metal alloys [100, 101]. Simonetti et al. [90] came
to the conclusion that bimetallic Pt-Re/C catalysts with atomic Pt/Re ratios < 1
are 5 times more active to syngas production through GSR than monometallic
Pt/C and Pt-Re with a higher Pt/Re ratio (10). The authors suggest that the
primary promotional effect of Re is to weaken the interaction between CO and
the surface, thus leading to faster turnover of catalytic sites. Kunkes et al. [93]
added Fe; Cu; Sn; Ir; Co; Ni; Rh; Os; Ru; or Re to Pt supported on C. The
addition of Fe; Cu; Sn; Ir; Co; Ni; or Rh had a detrimental or neutral effect on the

catalytic activity for all reaction temperatures (275-350 °C).
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Table 2.4 - Summary of the catalytic performance and operating conditions of different promoted Pt-based catalysts on GSR.

_ o Conversion ] Hy Yield / %?/
Catalyst Operating Conditions Type of Conversion o Reference
/% Selectivity / %

350 °C, space time = 6 min, feed

Pt/4 wt% CeO2-1 Glycerol conversion to

flow rate = 0.1 mL-min-t and 10 78.0 (1 h)b n.d.d/72.5 [97]
0, -0~
wit% ZrOz-a-Al203 Wt% glycerol gaseous products ¢
350 °C, 1 atm, feed flow rate = .
0, 0, 1 ’
3 wt% P20 wi% 0.32 mL-min‘* and 30 wt% 88.0 Glycerol conversionto 4 4y 4 o [92]
CeO2/Al203 gaseous products ©
glycerol
350 °C, 1 atm, feed flow rate = :
0 0 1 1
3 wt% PUS wi% 0.32 mL-min* and 30 wt% 91.0 Glycerol conversion to n.d.9n.d.¢ [92]
La20s/Al203 glycerol gaseous products ¢

a Based on the thermodynamic limit established in each work.

b Time of operation after which the data was collected.

¢ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHa).
4'n.d.: not determined.
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According to Pompeo et al. [91], the fact that the coexistence of Pt and Ni did
not improve the catalytic performance suggests that the formation of a bimetallic
Pt-Ni phase affects the platinum electronic properties. On the other hand, the
addition of Os; Ru; or Re to Pt enhanced the syngas production comparatively
to Pt/C, being that Re was the promoter that allowed the best syngas production
improvement.The addition of ceria promoter has been verified as advantageous,
but in this case for platinum-based catalysts [88, 92, 97]. As already mentioned,
the addition of ceria to a support like alumina reduces its acidity, thereby
improving the catalyst stability and H> selectivity and reducing the formation of
undesirable products and coke deposition. Montini et al. [92] verified that the
Pt/CeO,/Al,O; catalyst, despite presenting improved performance, still
deactivated after 20 h time-on stream (Fig. 2.14) [92]. This deactivation could be
due to coke deposition on the active sites and only marginally due to Pt sintering.
Similar behavior, in terms of performance enhancement, has been observed for
Pt-based catalysts promoted with basic oxides like La>O3 [92] and MgO [88].
However, the La,Os; promoted catalyst only deactivated after 50 h time-on-
stream, as can be seen in Fig. 2.14.

On the other hand, Pompeo et al. [97] reported the attainment, for a
Pt/CesZria catalyst, of higher H, selectivity and glycerol conversion to gaseous
products than both Pt/y-ALO; and Pt/ZrO, catalyst. The promoted catalyst
presented higher average platinum particle size than the other two catalysts.
Claus and co-authors [102] suggested that larger particles present a higher
number of face atoms of the metal crystallite. Moreover, the adsorption of
oxygenated hydrocarbons for posterior C-C cleavage can be preferably
performed at face positions, thus leading to higher hydrogen selectivity.
Furthermore, the simultaneous presence of Ce and Zr promotes the WGS

reaction, thus enhancing the H; selectivity [93].
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Fig. 2.14 - Stability tests over doped Pt/Al>Os catalysts. Top: glycerol conversion to gas-
phase products. Bottom: gas-phase composition using (a) Pt/La203/Al20z and (b)
Pt/Ce02/Al203 catalyst. Conditions: 1.00 g catalyst, 0.32 mL-min- of CsHgOs (30 wt%;
aqueous solution), T = 350 °C. Taken from [92].

2.3.3 Co-based catalysts

Cobalt catalysts have shown good performance in ethanol reforming for

hydrogen production and are proposed as appropriate catalytic systems [103-
105]. However they have shown significant deactivation through sintering and
surface cobalt deactivation. Even so, many authors have investigated in the last
years the catalytic behavior of Co-based materials for GSR [23, 106-109].
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2.3.31 Effect of the support on the catalytic performance

The use of alumina as support for Co active phase has been reported
[107], having been observed the existence of both strong and weak acid sites
on the catalyst surface with an acidic/basic ratio of approximately 5.5. Therefore,
expected carbon deposition was verified. Moreover, TPO-TPR and TPR-TPO
cycles showed different reactivity of the carbon deposited on the surface of the
coked catalyst, meaning that there were at least two types of carbon pools on
the surface. One of the pools was reactive in the presence of H, while the other
was inert to Hy, reacting only in the presence of O..

Zhang et al. [106] verified that Co/CeO. catalyst for GSR originated small
concentrations of CHs and CO at the reactor outlet stream. Furthermore, only
slight changes on their concentrations were observed while increasing the
reaction temperature, meaning that the Co/CeO, catalyst did not catalyze
effectively both WGS and steam reforming of methane. Dehydration of glycerol
was not observed over the ceria-supported catalyst, and so no significant
deactivation occurred.

A comparison of the catalytic performance of both types of catalysts

described along this section for GSR is presented in Table 2.5.

2.3.3.2 Effect of the addition of a promoter on the catalytic
performance

It has been found that bimetallic Co-Ni/Al,O3 catalyst, used by Adesina et
al. [108], presents an enhanced activity for steam reforming of methane and
propane due to the synergism between the Ni and Co metals [110]. The reasons
of such synergism are not, however, disclosed. The coexistence of both Lewis
and Bronsted acid sites was discovered through physicochemical
characterization. However, the bimetallic catalyst presents a net surface acidity
(acidic/basic ratio of 9). Analogously to what was reported elsewhere [107], it

was verified the occurrence of carbon deposition during reaction, which led to a
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reduction of the surface area and pore volume of the catalyst. Furthermore two
types of carbon deposits were observed once again, being that one of them is
inert to H, as well. The GSR catalytic activity of this promoted catalyst is
compared in Table 2.5 with that for the non-promoted catalysts presented in the
previous section.

CeZr mixed oxides have also been target of attention since they allow the
insertion of transition metals, like Co and Ni, and/or noble metals, like Ru and
Rh, into the oxide structure, thus increasing the active phase-support interaction
[111-113]. Araque et al. [23] evaluated the effect of the active phase by using
two mixed oxide -catalysts: CezZr15C0050ss and CexZr15C00.47RNo070s.s.
Rhodium did not significantly affect the glycerol total conversion. However, it
highly affected the conversion of glycerol into gaseous products at the expense
of liquid ones. It was also observed an enhancement of the 24 h average H:

production from 1.6 mol - molz.g giyceror UP t0 5.8 mol - molg.g giyceror When R

was added to the mixed oxide catalyst. Also, for the Rh-containing catalyst, an

average production of H, of 6.7 mol - molg} glycerol WS obtained for over 16 h,

while the other catalyst kept stable only for 1 h. The enhanced behavior of the
Rh containing catalyst is related to the capacity of Rh to break the C-C bonds.
The loss of activity verified is due to the loss of the C-C bond breaking capacity,
since C;Hs formation was observed when deactivation occurred. In another
work, Roger and co-authors [109] studied the effect of the Ce/Zr ratio in fluorite-
type mixed oxides of CeZr-CoRh catalysts on the H. production by GSR.
Catalysts  with  three  different Ce/Zr ratios were  prepared:
Ce0:532r2.97C00.47RN0.0308.s  With poor ceria content  (CZPCoRh),
Ce2Zr15C00.47Rh0030s.s With intermediate ceria content (CZ'CoRh), and
Ce2.50Zr0.91C00.47Rh0.030s.5 rich in ceria (CZRCoRh). It was observed that the
increase of the Ce content enhances both the stability (Fig. 2.15) [109] and

selectivity towards H, and CO..
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Table 2.5 - Summary of the catalytic performance and operating conditions of different non-promoted and promoted Co-based catalysts
on GSR.

. - . ) Hz Yield / %2/
Catalyst Operating Conditions Conversion/ % Type of Conversion o Reference
Selectivity / %

425 °C, 1 atm, GHSV®P = 11 000
15 % Co/CeO:2 ML-geat. >-ht and G/W/He¢ = 100 Not specified n.d.4/88.0 [106]
2/18/80 vol%

500 °C, 1 atm, GHSV® = 50 000 .
Glycerol conversion

15 wt% Co/Al203 mL-gcat1-h? and Pglycerol = 7.40 ~ 13.0 e 77.063.0 [107]
KPa and po. . = 57,02 kPa to gaseous products
0 - 0 0 b =
5 wt% Co-10 wt% 525 °C, 1 atm, GHSV® = 50 000 ) ) 79 1/65.3 [108]

Ni/Al2O3 ML-gcat.*-h* and 30 wt%
a Based on the thermodynamic limit established in each work.
b GHSV: gas hourly space velocity.
¢ G/W/He: glycerol/water/helium volumetric composition.
4'n.d.: not determined.
€ Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2z, CO and CHa).
f Assuming a thermodynamic limit of 7.
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This happens because of the improved cobalt reducibility and re-oxidation
properties, oxygen storage capacity and metal support interaction. Also, the
catalytic stability and activity of the catalysts is related to their capacity to activate
H2O under reaction conditions, thus favoring the steam reforming reaction over
the decomposition reaction. By increasing the Ce content, the H.O activation is
favored for a longer period of time, thus allowing carbon gasification and
delaying the catalyst deactivation; even so this effect is not very pronounced
(Fig. 2.15).
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Fig. 2.15 - Evolution of the Hz production in GSR over Ceo.53Zr2.97C00.47Rh0.030s-5 With
poor ceria content (CZPCoRh), Ce2Zr15C00.47Rho.030s-s with intermediate ceria content
(CZ'CoRh), and Ce259Zr091C0047Rn0030s.s with rich ceria content (CZRCoRh).
Conditions: temperature 650 °C, WGFR of 9 and atmospheric pressure. Thermodynamic
value expected using the UNIQUAC model: 6.06 mol - molz} glycerol- 1aken from [109].

2.3.4 Ru-based catalysts

Ruthenium is currently, along with nickel and platinum, one of the most
promising materials to catalyze hydrogen production through GSR. Moreover,
Ru is the least expensive among all noble metals [114]. Ru-based catalysts have
been reported has having superior catalytic activity for H, production, not only

through GSR but also through methane steam reforming, for example [1, 115,
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116]. By comparing the GSR activity of catalysts loaded with Group 8-10 metals
supported on oxides (Y203, ZrOz, CeO,, La;03, SiO2, MgO, Al,O3), the order Ru
~ Rh > Ni>Ir> Co > Pt > Pd > Fe was found in La>Os-supported materials [117].
It has also been reported that the order of the catalytic activity of Group 8-10
metal catalysts over SiO: is as follows: Ru = Rh > Ni > Ir > Pt = Pd >» Co = Fe
[117].

2.3.41 Effect of the support on the catalytic performance

Hirai et al. [117] prepared several catalysts loaded with Group 8-10 metals
supported on Y,03, ZrO,, CeO,, La;03, SiO,, MgO, and Al,Ozvia a conventional
impregnation method. Among all the metals used, Ru was the one that showed
the best catalytic activity. Therefore, since ruthenium allowed the attainment of
the highest H; yield, the effects of the previously mentioned supports for
ruthenium on GSR were evaluated at 600 °C. The Ru/MgO supported catalyst
showed very low glycerol conversion to gaseous products compared to the other
samples. This low activity is due to the fact that ruthenium on MgO is hard to be
reduced to metallic ruthenium and so the number of active sites would decrease
[118]. The Ru/Al,O3 supported catalyst presented the lowest glycerol conversion
into gaseous products. It also showed low H: yield because of the higher
selectivity towards methane production and lower selectivity to CO,. On the
other hand, both Ru/Y,Os; and Ru/ZrO. supported catalysts presented high
glycerol conversion into gaseous products and H; yield. In fact, the Ru/Y203
sample was the one that presented the best results. This has been attributed to
the ability of yttria to promote de WGS reaction [119]. Considering this, an
optimization of the loading level of ruthenium was performed at 500 °C, to
compare the catalytic activity at lower conversions [117]. The H. yield kept
increasing as the ruthenium loading increased up to 3 wt%. A further increase in
the ruthenium loading to 5 wt% did not affect the H, yield and so, the optimal
loading was found to be 3 wt%. Finally, it was observed that both glycerol

conversion into gaseous products and H; yield did not decrease during a 24 h
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time-on-stream test, as shown in Fig. 2.16 [117]. Very small carbon deposition
was verified after 24 h reaction, thus meaning that the 3 wt% Ru/Y»0O3 material
is apparently resistant for the deactivation caused by carbon deposition.
However, some deactivation caused by sintering of the dispersed catalytic metal
clusters was observed. Ultimately the authors concluded that the Ru/Y203
catalyst presents very high performance in GSR. The catalytic performance of

some of these Ru-based catalysts for GSR is presented in Table 2.6.
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Fig. 2.16 - Stability tests over 3 wt% Ru/Y203 catalyst for 24 h in the GSR, at 600 °C and
sweep gas space velocity of 80 000 mL-gcar?-h't. Taken from [117].

2.3.4.2 Effect of the addition of a promoter on the catalytic
performance

Kim and Lee [119] studied the GSR on Ru and Ru-Me (Me = Fe, Co, Ni,
and Mo) catalysts supported on Y203, CeosZros02, and commercial y-Al;Os. It
was verified that the use of different supports affects the performance of the

catalysts, being that for the Ru-based catalysts supported on reducible yttria and

ceria-zirconia there was a significant enhancement of the H» production turnover
rate and selectivity.
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Table 2.6 - Summary of the catalytic performance and operating conditions of different non-promoted and promoted Ru-based catalysts
on GSR.

) o ] ] Hz Yield / %28/
Catalyst Operating Conditions Conversion/ % Type of Conversion o Reference
Selectivity / %

400 °C, 1 atm, feed flow rate =

0,
5 % Ru/Al203 0.20 mL-min" and WGFR = 9

68.1 (2 h)b Glycerol conversion¢ 37.0/n.d.d [114]

600 °C, 1 atm, GHSV® = 80 000 Glycerol conversion

Q ~ b
3 wtd6 Ru/Y20s ML -gea*h and WGFR = 9 100 240 g gaseous products' 85/90.0° [117]
650 °C, 1 atm, feed flow rate = .

0.59 wt% Ru- 0.23 PRI 0 b Glycerol conversion p

Wi% Sn/Mg(Al)O 0.06 mL-min-t and 10 wt% 87.5 (20 h) to gaseous products’ 60/n.d. [120]
glycerol
0.06 wt% 550 °C, 1 atm, WHSV" = 327.3 b Glycerol conversion i

Ru/Mg(Al)O h1 and 10 wt% glycerol 97.(20'h) to gaseous products' 91.0/97.0 [121]

a Based on the thermodynamic limit established in each work.

b Time of operation after which the data was collected.

¢ Calculation based on the total amount of glycerol converted.

4'n.d.: not determined.

¢ GHSV: gas hourly space velocity.

f Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHa).
9 Taken from [122].

h WHSV: weight hourly space velocity.

i Calculated value.

I CO2 selectivity.
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This happens because these supports tend to facilitate the WGS reaction. On
the other hand, the acidic y-alumina supported Ru-based catalysts showed low
H> production turnover rate, high CO selectivity and formation of Ci-C;
hydrocarbons for the reasons already stated.

100
o 80{Rue A Ru-M
% ® Ru-Co e
§e) Ad-w . A Ru-Fe
% 604 RWZCo Ru Ru-Ni A
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Fig. 2.17 - Deactivation of catalysts (%) with respect to the amount of solid carbonaceous
species deposited (Wt%) on the catalysts after 10 h of reaction at 600 °C (feed conditions:
WGFR of 12, spatial velocity of 876-2340 pmol-gcat-t-min-t). Taken from [119].

In opposition to what was verified for the different supports, the metallic
promoters did not influence much neither H, production rate nor selectivity. On
the other hand, the addition of metallic promoters led to lower catalysts
deactivation. In terms of coke deposition, both yttria and ceria-zirconia supports
showed superior resistance against coke formation on the catalysts. In fact, very
small deposited amounts of carbonaceous species were verified for these
supports ( < 3 wt%). However, deactivation of the catalysts at levels between
15% and 80% was observed. Since the low amounts of deposited coke could
never lead to such deactivation levels, the authors suggest that sintering of the
dispersed catalytic metal clusters was the cause of the verified activity drop. As
can be seen in Fig. 2.17 [119], the Ru-Mo/Ceo 5210502 and Ru-Mo/Y .03 catalysts

exhibited superior stability against deactivation by sintering and lower carbon
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deposition. The results suggest that the MoOy species effectively diminished
sintering of the surface metal clusters.

Ru-based catalysts supported on Mg(Al)O mixed oxide were reported by
Gallo et al. [120, 121]. The Mg(Al)O mixed oxide support plays an important role
in enhancing the performance of the catalyst. Ru based catalysts supported on
Mg(A)O mixed oxides have been reported in the literature to present good
performance in steam reforming of ethanol [123], acetic acid [124] and
hydrocarbons [125-127]. It is known that Mg(Al)O oxides are able to stabilize
supported metal nanoparticles, even at high operating temperatures and/or
glycerol concentrations, thus avoiding metal nanoparticles sintering [120]. The
presence of Mg in the support is, in part, responsible for this good behavior. The
effect of Sn doping on the bimetallic Ru-Sn/Mg(Al)O supported catalysts was
assessed as well by using catalysts with different Sn loadings [120]. The Ru-
based catalyst without tin showed very high glycerol conversion with high
selectivity towards H> and CO, and CO selectivity lower than 10% during the
entire catalytic run. By increasing the tin loading, a progressive increase in both
CO and CH; selectivity was verified. On the other hand, the CO, selectivity
decreased gradually. Therefore, the catalysts that showed the most attractive
results in terms of specific H, productivity (mmol Hz'mmol Ruex®min) and
specific activity (mmol glycerol-mmol Ruegp:min?t) was the catalyst with the
lowest tin content (Sn/Ru molar ratio of 0.33). It was concluded that the addition
of tin has different effects depending on the Sn/Ru molar ratios. For low Sn/Ru
molar ratios it was verified that both activity and H, productivity per exposed Ru
sites are significantly enhanced, since tin selectively coated Ru faces, and only
co-ordinatively unsaturated Ru sites, which are the most active ones, are
exposed. However, by increasing the ratio a large amount of acidic tin oxides is
unselectively deposited onto support materials. Therefore, glycerol
decomposition is promoted rather than GSR, thus leading to high amounts of

CO and finally to coke deposition responsible for the catalyst deactivation [120].
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A comparison between the GSR performance of some of the promoted
ruthenium catalysts here discussed and the non-promoted catalysts discussed

in the previous section is presented in Table 2.6.

2.3.5 Other noble metal-based catalysts

In addition to the materials analyzed in the previous sections, there are
others that have not been so frequently reported in the literature for H:
production through GSR, but still present some interesting results. In this section
some of those materials are reviewed.

Zhang et al. [106] studied, has already mentioned, the performance of
ceria-supported Ir, Co and Ni catalysts for GSR in the temperature range
between 250-600 °C. Among all the catalysts tested, the Ir/CeO, sample was
the one that presented the best performance. It was verified that the methane
concentration greatly decreased with increasing temperature, thus meaning that
the steam reforming of methane has occurred in a significant extent.
Consequently, most of the produced methane was converted into H.. Also, the
increasing concentrations of CO; in the outlet gas stream and progressively
lower CO content for increasing temperatures, indicates that the Ir/CeO; catalyst
successfully catalyzes the WGS reaction. Therefore, Ir/CeO; seems to be a very
promising catalyst for GSR.

Chiodo et al. [128] reported the comparison between a Rh/Al,O3 catalyst
and several Ni supported materials for the GSR. The group came to the
conclusion that the rhodium catalyst is more active and stable than the nickel-
based ones. However, after approximately 8 h fast deactivation of the catalyst
was verified. Rodhium catalysts are more resistant to coke formation than Ni-
based due their high activity in hydrogenation reactions which, in case of
removal of unsaturated compounds from the catalyst surface, is fundamental to
avoid coke formation. Furthermore, Rh materials are active in C=C bond

activation. Considering that the main species that reach the catalyst surface are
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CO and olefins (C;Ha4, CsHg), it is therefore deducible that the catalytic
performance depends on the tendency towards C=C cleavage and coke
formation inhibition through polymerization of CHx species and/or CO
dissociation (Boudouard reaction) [129-132]. Despite this, there are still some
improvements that need to be done regarding the relatively fast deactivation of
Rh-based catalysts.

Ebshish et al. [133] compared the catalytic performance of 1 wt% Ce/Al,O3
and 1 wt% Pd/Al,Os catalysts, as well as the performance of 1 wt% Ce/Al,O3
and 10 wt% Ce/Al,O3. The authors observed that the 1 wt% palladium catalyst
supported on alumina presented better glycerol conversion to gaseous products
as well as better H; yield than both 1 wt% Ce/Al.O3; and 10 wt% Ce/Al,O3
catalysts. In terms of H; selectivity, the 10 wt% Ce/Al,O3 sample was superior to
the other two catalysts, having low amounts of carbon oxides been formed. This
enhancement was suggested to be due to the higher metal loading. However, it
also presented higher carbon formation than the other Ce-based catalyst. It has
been concluded that in general Pd is more active and more stable than Ce
because of its favorable lattice parameters. It is also important to remark the fact
that this was the first time that Ce was reported as having been used as a
catalyst for GSR. In all the previous works, only its oxide had been used as
catalyst support.

A summary of some of the catalysts reviewed in this section and their

catalytic performances in GSR is presented in Table 2.7.
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Table 2.7 - Summary of the catalytic performance and operating conditions of different noble metal-based catalysts on GSR.

H> Yield / %2/

Catalyst Operating Conditions Conversion/ % Type of Conversion o Reference
Selectivity / %
400 °C, 1 atm, GHSV® =11 000
Ir/CeO:2 mL-gcat 1+t and G/W/He° = 100 Not specified n.d.4/85.6 [106]
2/18/80 vol%
650 °C, 1 atm, GHSV® = 5000 h- Glycerol conversion
0, ’ ! e d
5 wt% Rh/Al203 ! and WGER = 9 50.0 (100 h) to gaseous products’ 35.79/n.d. [128]
600 °C, 1 atm, feed flow rate = Glycerol conversion
0, ' ! e
1 wt% Pd/Al20s 0.05 mL'min't and WGFR = 6 80.0 (2 h) to gaseous products’ 55.0/70.0 [133]
(o] - .
10 Wi% Ce/ALOs 600 °C, 1 atm, feed flow rate 55.0 (2 h)e Glycerol conversion 42 0/80.0 [133]

0.05 mL'min! and WGFR = 6 to gaseous products'

a Based on the thermodynamic limit established in each work.
b GHSV: gas hourly space velocity.

¢ G/W/He: glycerol/water/helium volumetric composition.
4n.d.: not determined.

€ Time of operation after which the data was collected.

f Calculation based on the amount of carbon (in glycerol) converted into gaseous products (CO2, CO and CHa).

9 Assuming a thermodynamic limit of 7.
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2.4 Mechanisms and kinetics

Establishment of reaction rate equations for any process, and for GSR in
particular, is crucial for reactor design, while the comprehension of the
associated mechanism may lead to improvements in catalyst design with the
inherent implications at industrial scale. In the last years many authors have
studied the kinetics of the GSR over different catalysts and have proposed
different reaction mechanisms, being that there has not been full agreement on
this matter. In this section a review of the proposed reaction kinetics, as well as
the most accepted reaction mechanisms is done. This is, as mentioned above,
fundamental for reactor modeling, design, optimization and operation.

Normally the reaction rate data for the GSR have been fitted to a general
power-law type equation with the following form:

— 14sr = kpgply (2.15)

where k is the reaction rate constant (defined by the Arrhenius equation), p; and
pw and a and b are the partial pressures and the reaction orders of glycerol and
steam, respectively.

Normally it is difficult to compare activation energies reported in the
literature since the conditions used differ from study to study. Moreover, special
attention should be put on whether or not mass (and even heat) transfer
resistances are absent, so that cases of kinetics falsification can be identified. In
Table 2.8 are presented some literature values of kinetic parameters obtained
for some of the most relevant GSR catalysts in the absence of any resistances.
In terms of activation energy, a comparison between all the Ni-based and Co-
based catalysts presented in Table 2.8, which were tested at higher

temperatures, can however be done.
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Table 2.8 - Activation energies and reaction orders for the GSR reaction over different catalyst.

. Reaction Reaction
Operating ) Ea
Catalyst o Preparation method order for order for Reference
conditions® !/ kJ-mol?
glycerol® steam®
, Wet impregnation of CeO2 with
15 wit% Ni- 10 wt% 1 atm, 600 . _
Zt02/CeOs 700 °C Ni(NO3)2-6H20 and ZrQ(N03)z xH20 43.4 0.3 0 [18]
aqueous solutions
. Co-precipitation method with rising
0, -
\,?,tAB/Ol“\TA)J;IgZ\,\iol/O 1 atm, 400 - pH technique using Ni(NO3)2:6H20, 378 1.0 0 [24]
gAI ' 600 °C AI(NOs3)3-9H20 and Mg(NOs)2-6H20 ' (WGFR =9)
aqueous solutions
. 1 atm, 400- Deposition-precipitation using Ni
0, d d
15 wt% NifCeO: 700 °Ce (NOs)2:6H20 aqueous solution 36.5 n.d n.d [50]
. . o 0.48 0.34
15w NiALOs g 20 ooms soton 598 (30 - 60 (40-70 [134]
3)2ohzt aq Wt%) Wt%)
. 1 atm, 600 Wet impregnation of CeOz with Ni
C
NIfCe0: —650°C (NO3)2-6H20 aqueous solution 103.4 023 0 [135]
. . . 0.08 0.39
15w% ColAbos o e’ R g“ffggH”gt'g”uog AlOawiih Co 675 (30 - 60 (40-70 [107]
3)2omz) aq Wi%) Wi%)




Table 2.8 - Activation energies and reaction orders for the GSR reaction over different catalyst (cont.).

. ) Reaction
Operating ) Ea Reaction order
Catalyst N Preparation method order for Reference
conditions? / kJ-mol*  for glycerol®
steamP
Co-impregnation of Al2Oz with
5 wt% Co-10 wt%  latm, 500 — ) 0.25 0.36
) Co(NO3)2:6H20 and Ni(NO3)2-6H20 63.3 [108]
Ni/Al203 550 °C ; (4.5-16.5kPa) (25-88 kPa)
aqueous solutions
5atm, 350 Supplied by Arora-Matthey Ltd., 1.0
Pt/C n.d.d 0 [89]
—400°C Kolkata (10-34 kPa)
) 1.0
1atm, 350  Supplied by Johnson-Matthey Ltd.,
5% Ru/Al203 ) 21.2 (xc = 0.068- 0 [114]
—500°C Delhi.
0.091)

a Temperature and total pressure at which the experiments were carried out.

b The values between brackets are the ranges of each species in the feed or their partial pressure.

¢ Metal loading not specified.
4'n.d.: not determined.
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Among these catalysts, it is possible to notice that while the Ni or Co/Al,O3
supported catalysts present activation energies around 60-70 kJ-mol?, both the
24.1 wt% Ni- 26.1 wt% Mg- 49.8 wt% Al sample and the 15 wt% Ni- 10 wt%
ZrO,/Ce0O, material present activation energies of 38 kJ-mol? and 43 kJ-mol?,
respectively. This suggests that the reaction mechanism or the rate-determining
step for the last two samples may be different from that over the other catalysts.
On the other hand, both Ru-based and Pt-based catalysts were tested at lower
temperatures, being that the 5% Ru/Al.O3 sample, among all catalysts in Table
2.8, is the one that presents the lowest activation energy. Vaidya and co-authors
[114] suggest that this might occur due to the enhanced catalyst activity even at
low reaction temperatures, which is associated to the high loading level of Ru. It
should also be noticed the substantial difference between the activation energies
of both Ni/CeO; catalysts (36.5 vs. 103.4 kJ-mol™). Since for both cases, external
and internal mass transfer limitations were minimized by selecting suitable flow
rates and an appropriate particle size range, respectively, this peculiar difference
may be associated to the different temperature ranges used, possibly different
metal loadings, and different preparation methods. The last factor is probably
the one that contributes the most to the verified significant difference. In
comparison to the wet impregnation technique, the deposition-precipitation
method improves, among other things, the metallic dispersion and decreases
catalyst sintering.

In terms of glycerol partial reaction order, all Ni-based catalysts presented
similar values (0.2-0.5) except for the Ni-Mg-Al sample, which presents a value
of 1.0. This difference suggests that different reaction mechanisms or different
rate-determining steps may exist for these catalysts. Regarding the Co-based
materials, both present low values of glycerol partial reaction order, especially
the Co/Al;O3 catalyst. As a matter of fact, this catalyst also presents small values
of glycerol partial reaction order for the production of C; products (CO., CO and

CHa). This might indicate the existence of a cancellation effect of the molecularly
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adsorbed glycerol in the rate-controlling step and the presence of a glycerol
adsorption term in the denominator of the Langmuir-Hinshelwood rate
expression (see Eq. (2.30)) [107]. Therefore, an apparent reduced order for
glycerol in the overall reaction rate is obtained. For the Pt- and the Ru-based
catalysts, glycerol partial reaction orders of 1 were considered as a valid
approach for the low glycerol concentrations used. However, this assumption
may not be valid for more concentrated solutions, which can be used during real
operation in reformers. In terms of H>O reaction order, for most of the catalysts
in Table 2.8 it is considered to be zero due to the use of excess of water. For the
others, however, values between 0.3 and 0.4 were obtained despite the excess
steam used.

The formation rates of Hz, CO,, CO and CH4 have been often fitted to a
power-law expression (Eq. (2.15)) as well [107, 108, 134]. For all cases, the
formation rate of CO was inhibited by steam (negative value of b). This can either
be because of the competitive adsorption of steam on the same active sites as
the surface precursor for CO production (especially at high steam patrtial
pressures), or because of CO consumption via WGS reaction [134]. For the
other gases, positive values of a and b were obtained, meaning that both glycerol
and steam positively contribute to H;, CO, and CH, formation. In terms of
activation energy, Hz, CO, and CO formation present similar values (in the range
60-75 kJ-molt) [108, 134] while the formation of methane presents a much
higher activation energy (100-120 kJ-mol?) [107, 108, 134].

In what concerns the reaction mechanism, Adesina and co-workers [108]
came to the conclusion that the most adequate one for the GSR reaction over
the 5 wt% Co-10 wt% Ni/Al,O3 catalyst is the Langmuir-Hinshelwood dual site
mechanism with molecular adsorption of both glycerol and steam. This

mechanism involves the following steps:

C3H803 + X1 \_—\ C3H803 - X1 (216)
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H,0 + X, = H,0 — X, (2.17)

C3HgO3 — X; + H,0 — X, » HCOO — X, + CH,OHCHOH — X, + 2H,  (2.18)

HCOO — X, - CO, + H—X, (2.19)
CH,OHCHOH — X; + H— X, - CH,0H — X; + CH;0 — X, (2.20)
CH,O0H— X, + X, » CH, — X, + OH — X, (2.21)
CHy—X,+ H=X, > CH; — X, + X, (2.22)
CH;— X, + H—X, > CH, + X, + X, (2.23)
CH;0— X, +X, » CH,0— X; + H—X, (2.24)
CH,0— X, + X, o HCO—X, + H—X, (2.25)
HCO—X, +X, > CO—X, + H—X, (2.26)
CO—X, = CO +X, (2.27)
CO—X,+ OH—X,=C0,+ H—-X, + X, (2.28)
2H—X, = H, + 2X, (2.29)

where X; and X, represent the basic and the acid active sites, respectively. The
authors suggested that surface reaction was rate-controlling, and so the

following kinetic expression was proposed [108]:

. kpeow
(1 + Kgpe)(1 + Kywpw)

(2.30)
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where K, and Ky, are the adsorption constants of glycerol and steam,
respectively. In another work, Cheng et al. [134] concluded that the GSR
reaction rate over a Ni/AlO3 supported catalyst is better described by a
Langmuir-Hinshelwood model considering molecular adsorption of glycerol and
dissociative chemisorption of steam, on two different sites, with the surface
reaction as rate-determining step. The authors proposed the following

mechanism represented by Egs. (2.31-2.44).

C3HgOs + X; = C3HgO3 — X3 (2.31)
H,0 +2X, = OH—X, + H—X, (2.32)
CsHgO5 — X; + H— X, - CH,OHCHOH — X; + CHOH — X, + 2H, (2.33)
CHOH - X, » CO—X, + H, (2.34)
CH,OHCHOH — X; + H— X, - CH,0H — X; + CH;0 — X, (2.35)
CH,OH — X, + X, » CH, — X; + OH— X, (2.36)
CH,— X, + H—X, > CH; — X; + X, (2.37)
CH; —X; + H—X, » CHy — X; + X, (2.38)
CH;0 — X, + X, » CH,0— X; + H—X, (2.39)
CH,0— X, +X, > HCO— X, + H—X, (2.40)
HCO—X; + X, » CO—X, + H—X, (2.41)
CO—X, = CO +X, (2.42)
CO—X,+ OH—X,=2C0,+ H-X, + X; (2.43)
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H-X,+ H—X, = H, + 2X, (2.44)

This mechanism yielded the following rate equation [134]:

kPg+[Py
r =
(1+ KsPe)(1+ KwPyw)

(2.45)

In another mechanistic study, Byrd et al. [15] observed the presence of
very low concentrations of organic carbon in the product stream, which suggests
that intermediates like alcohols or organic acids, formed from C-O cleavage,
were further transformed into gaseous products. For this reason, a different
mechanism was proposed to describe the GSR over the 5% Ru/Al,O3 catalyst
[114] and was also admitted to be valid for the 15 wt% Ni/CeO; one [50]. This
mechanism involves the reversible adsorption of glycerol on the catalyst active
sites followed by its reaction with water, thus forming an adsorbed complex
molecule. This complex on its hand decomposes into intermediate products,

which irreversibly yield H, and CO.. These steps are described by the following

equations:
kyk_q
C3HgO5 + X «—— C3Hg03 — X (2.46)
k
C;HgO; — X + H,0 - Complex—X (2.47)
ks . key
Complex—X - Intermediates — CO, + H, (2.48)

By applying steady state hypothesis to C;HgO; —X and Complex—X and
assuming that the decomposition of Complex—X into intermediate products is
the rate-determining step, the reaction rate was expressed as [50, 114]:

kik
r= 17206 Pw (2.49)

[k_q + kipg + kopw + (kikapepw/k3)]
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Considering that water is in excess and that the operation pressure is
constant, p,, can be assumed to be almost equal to py,,. Therefore, Eq. (2.49)

is simplified to:

kpg
= 2.
r 1+ bpg (2.50)
where k and b are defined as:

kikapwo

k= ————— (2.51)

k_1+ kapwo
b= ki + (kikapwo/k3) (2.52)

k_1+ kapwo

Carbon deposition, as already discussed, is one of the most common
causes of catalyst deactivation in GSR reaction. The influence of carbon
deposition on the physical properties of the catalyst has already been discussed,
as well as the nature of these deposits. On the other hand, the determination of
carbon deposition kinetics is very helpful in terms of creation of more realistic
reactor models, and better reactor design and operation. Cheng et al. [136]
observed that the coke deposition rate on a 5 wt% Co-10 wt% Ni/Al203 catalyst

during GSR can be relatively well described by a power-law model as follows:

Tcoke deposition = kcpgpll/ljl (2.53)

where k. is the coke deposition reaction rate constant. At temperatures between
500-550 °C and glycerol partial pressures between 4.5-16.5 kPa, the parameters
a and b were determined to be 0.55 and -0.22, respectively, being the activation
energy 40.9 kJ-mol™. These values were found to be lower than those obtained
for carbon deposition caused by CsHg[137, 138], which is structurally very similar

to glycerol. Regarding the lower activation energy, it may be explained by the
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presence of the functional OH group on each of the carbon atoms in the parent
chain of glycerol, which makes it more reactive than propane (less electron-
withdrawing H on each C atom). Moreover, the equilibrium constant of propane
dehydrogenation into hydrogen and carbon is lower than that of glycerol
decomposition into carbon. Therefore, the authors concluded that the adsorption
of glycerol is stronger than for propane, in other words, it leads to easier carbon
deposition [136]. Keeping this in mind and considering the empirical rate law, it
was suggested that glycerol adsorbs dissociatively while steam is molecularly
chemisorbed. Therefore, a Langmuir-Hinshelwood rate model considering a
bimolecular rate-controlling step was proposed [136], yielding the following rate
equation for coke deposition.

chW\/E (2.54)
: .
(14 KwPyw + Kepg)

Tcoke deposition =

2.5 Sorption-enhanced reactors

In the last years, alternatives for improving the catalytic GSR process have
been investigated. The main common reason that motivates this search is the
necessity of overcoming equilibrium limitations, and also producing highly pure
hydrogen that is suitable to be used in PEMFCs, for example. One of those
alternatives is the SEGSR process, which consists on combining the catalytic
GSR and CO; capture in the same physical device. This innovative configuration
allows “affecting” the thermodynamic equilibrium of the GSR reaction by
removing one of the reaction products from the reaction medium. Some of the
more important advantages of sorption-enhanced reactors (SER) comparatively
to tradition reactors (TR) are:

o Shift the equilibrium of reversible reactions towards higher conversions.

¢ Enhancement of both hydrogen yield and selectivity.
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e Attainment of better performance than in a TR at the same (or even less
drastic) operating conditions.

However, the main disadvantage of this system is that the CO, sorbent gets
saturated at some point and then regeneration is necessary. In order to be
possible to run continuously, the system must encompass, for example, two
reactors, being that while one of them is used as SER the other is used as
regenerator; the approach is the same as used in other cyclic processes like
PSA (Pressure Swing Adsorption), etc. Another example of such a continuous
SEGSR system is presented in Fig. 2.18 [139].

NiO/NiAl,0,-CaO
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Fig. 2.18 - Scheme of the continuous SEGSR system. Taken from [139].
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Besides the two moving-bed reactors in which both catalyst and sorbent are
moved at a velocity of 9-11 cm-min’, ariser is used for transporting the particles
with N2. There is also a system for injecting the particles of catalyst and sorbent
at the top of the reactor (cyclone section) in order to compensate for the losses
during the runs, which amount is close to 5% every 5 min [139].

The successful use of SERs for GSR depends, above all, on choosing an
sorbent with suitable characteristics and selecting appropriate operating
conditions. Such matters are target of focus in the following section.

2.5.1 CO;sorbents

Different materials like hydrotalcites [140-144], CaO-based materials [145-
149], lithium zirconates [150-154] and lithium silicates [155-159], among others,
have been reported in the literature as CO2 sorbents for SERs applications. It is
expected from a good CO; sorbent to couple in a GSR process to present high
CO; capture capacity and selectivity at moderated temperatures (300-500 °C),
good regenerability (adequate sorption-desorption kinetics), good hydrothermal
and mechanical stability and low-cost [160-163]. The sorption capacities and
sorption/regeneration temperatures of several sorbents are summarized is Table
2.9.
Hydrotalcites are a family of clay minerals that consist of a double-layered

hydroxide structure with the general formula [MYM{}_, (OH),][A"" ], - mH,0,

where M and M'! represent di- and trivalent metal ions inside the brucite-like
layers and A"~ is a charge compensating anion [143, 167]. Aschenbrenner et al.
[143] observed that NiMgAIl hydrotalcite presented 53% more sorption capacity
than NiMgAIFe hydrotalcite and high stability. A comparison between a
commercial hydrotalcite and two potassium and potassium-sodium containing
hydrotalcites allowed to conclude that the last one presented the highest sorption

capacity while the potassium containing hydrotalcite presented no significative
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deactivation after more than 50 cycles of operation [142]. K-doped hydrotalcite-
based sorbents have been reported elsewhere to present a CO, capture
capacity as high as 9 mol-kg? at 300 °C but under wet conditions (Table 2.9)
[141]. Under dry conditions, the maximum value reported was around 1.8 mol-kg
1 (Table 2.9), which is an outstanding value taken into account the temperature
(300 °C) and that it was not tested under the presence of steam. It has also been
found that the physical and chemical properties of hydrotalcites are highly
influenced by the charge compensating anion used. Wang et al. [168] analyzed
several charge compensating anions (CO3~;HCO3; NO3~; S03~; and CI™) having
observed that when using CO%~, a spheroidal “sand rose” type of hydrotalcite
with very high BET surface area (114.3 m?-g't) was produced. On the other hand,
the other anions led to the formation of “stone” type hydrotalcites with very low
surface areas ( < 9 m?g?). For this reason, the MgsAl:;-COs hydrotalcite
presented the highest CO, capture capacity. The thermal stability was also found
to depend on the anion used, being that the MgsAl;-SO4 was the one that
presented the highest thermal stability.

Other sorbents like CaO-based materials, and lithium zirconates and
silicates present in general a lower CO- capacity and slower sorption kinetics at
300-400 °C, higher regeneration temperature ( > 650 °C) and gradual
deactivation due to sintering of the active surface [140]. They have however
significant sorption capacities, but at much higher temperatures (Table 9). Wang
et al. [145] avoided sintering of nano CaCOs; during multiple
carbonation/calcination cycles by applying a TiO, coating. Akgsornpeak et al.
[149] avoided the same problem by preparing CaO sorbents through sol-gel
synthesis in the presence of cetyltrimethyl ammonium bromide (CTAB). Besides
that, the CaO sorbents prepared with CTAB also exhibited high carbonation
reaction rates, and the best CaO sorbent presented carbonation conversion

154% more effective than the CaO prepared in the absence of CTAB.
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Table 2.9 - Sorption capacities and sorption/regeneration temperatures of several CO2 sorbents reported in the literature for SERs

applications.
Sorption capacity Sorption Regeneration Pco, PH,0
Sorbent Reference
/ mol-kg™ temperature / °C temperature / °C / bar / bar
K-doped hydrotalcite (20 wt%
. 402 34 4. 141
K2COs and Mg/Al ratio = 2) 9.40 300 600 0.3 S [141]
K-Na-doped hydrotalcite 1.112 300 300 0.40 0.42 [142]
Hydrotalcite 1.18 400 n.s. 0.15 0 [164]
Ga-K-doped hydrotalcite (10
Wi% Ga and 20 wt% K) 1.82 300 300 1.08 0 [165]
Ca0-Y20s3 (20 wt% Y20s3) 12.95 850 850 n.s.b 0 [147]
CaO from calcium acetate 17.30 600 700 0.30 0 [164, 166]
Dolomite 8.40 750 n.s. 0.15 n.s.pb [164]
Li2ZrOs 5.002 500 n.s. n.s.bc n.s.kc [153]
K-doped LisSiO4 (30 wt%
2 7 .04 1
K2CO) 5.23 580 00 0.0 0 [156]
LiaSiO4 (treated with glacial 0.77 550 625 01 0 [157]

acetic acid)

aWet conditions.
b n.s.: not specified.
¢ Total pressure = 4.47 bar.
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The incorporation of Y203 has been recently reported to significantly enhance
the carbonation rate and sorption capacity of CaO-based CO; sorbents [147].
Similarly to hydrotalcites, the addition of optimized amounts of K to Li»ZrOs;
sorbents was reported to enhance its CO- sorption rate and capacity. Moreover,
they showed good stability [152]. However, Lapkin and co-workers [154] came
to the conclusion that a traditional route to K-doped materials result in slow
regeneration. On the other hand, a new soft chemistry route that produces high
surface area undoped materials led to much higher rates of
reaction/regeneration. Seggiani et al. [156] analyzed the performance of
different doped-LisSO4 CO; sorbents, having observed that the K-doped and Na-
doped presented the highest CO, sorption capacities and sorption rates. In
terms of stability, only the potassium-doped sorbent was able to keep its
properties after 25 sorption/desorption cycles. In another work, it was shown that
LisSiO4 treated with glacial acetic acid presented stable CO, sorption capacity,
higher specific surface area and higher porosity than limestone and LisSiO4
without acid treatment [157].

The decision on which kind of CO; sorbent is more adequate to be used
in SEGSR strongly depends on the operating temperature at which it will be
employed. Since one of the main goals at the moment is to reduce the GSR
temperature in order to reduce operation costs, it is desirable to work at relatively
low temperatures (300-500 °C). For such temperatures hydrotalcites have been
reported to present higher CO, capacities and faster sorption kinetics, as well as
easier regeneration, and lower loss of sorption capacity [140, 141]. Moreover,
the fact that the CO; capacity of hydrotalcites is strongly enhanced under wet
conditions (steam reforming conditions) makes them an even better candidate
for use in SEGSR.

66



Challenges and Strategies for Optimization of Glycerol Steam Reforming
Process — State of the Art

2.5.2 Sorption-enhanced glycerol steam reforming

The catalytic GSR performed in TRs presents some limitations as already
mentioned, including the thermodynamic constrains. On the other hand, when
CO; capture is performed simultaneously with the GSR reaction in a SER, the
thermodynamic equilibrium is shifted towards higher glycerol conversions and
hydrogen yields. A typical evolution profile of the product gas composition (N2
free and dry basis) in a SEGSR over a mixture of Ni-Co/hydrotalcite-like catalyst
and calcined dolomite as CO: sorbent is illustrated in Fig. 2.19 [169]. The
performance of the SEGSR is highly dependent on the CO, capture. It can be
seen in Fig. 2.19 that there are 3 distinct regimes along time: pre-breakthrough,
breakthrough and post-breakthrough. In the pre-breakthrough regime (up to 140
min), most of the CO, was removed by fast carbonation reaction with CaO, thus
enhancing hydrogen production. In the breakthrough regime the H:
concentration starts decreasing.

100
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0.1

Gas concentration (%vol.)
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0.01 +

0 20 40 60 80 100 120 140 160 180 200 220
Time (min)

Fig. 2.19 - Evolution with time of the gas product composition (N2 free and dry basis)

during SEGSR at 550 °C, WGFR of 9, 1 atm, contact time of 1.09 h and sorbent/catalyst
=b5).
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In the post-breakthrough regime the CaO sorbent is already saturated and so
the enhancement of hydrogen production due to CO.removal disappears; at this
stage the SEGSR becomes GSR (conventional fixed-bed reactor).

In the following sections are shown the effects of the main operating
conditions in the SEGSR, comparing, whenever possible, with the

thermodynamic equilibrium.

2.5.2.1 Effect of temperature

The influence of temperature on the performance of a SEGSR reactor has
been analyzed by several authors, due to the crucial importance of choosing an
appropriate temperature range in order to fully benefit of the advantages of this
innovative reaction-separation system.

Chen et al. [44] compared the product gas composition of a GSR reactor
obtained with and without in situ CO, removal, and each of them with the
respective thermodynamic equilibrium limits. Such comparison is depicted in
Fig. 2.20 [44]. The SEGSR tests were performed until the calcined dolomite was
saturated, being that from that point on the GSR took place. A Co-
Ni/hydrotalcite-like catalyst and ARCTIC dolomite (98.5% CaMg(COs3),) CO-
sorbent were used. Regarding the GSR product gas composition, the
thermodynamic equilibrium trends are in general followed by CO and CHo..
However, the H; content is slightly higher and the CO- content is slightly lower
than the equilibrium values for GSR. The authors suggested that this happened
because of the very slow CO, removal by the dolomite sample in the second
carbonation regime (i.e. the reactor was not yet operating as a conventional GSR
one, because some carbon dioxide sorption was still occurring). By comparing
both SEGSR and GSR it is observed, as expected, that the in situ selective
removal of CO, enhanced the hydrogen production and originated a lower CO
content due to the promotion/shift of the WGS reaction equilibrium, which

consequently promoted SRM.
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Fig. 2.20 - Product gas composition (dry basis) of GSR with and without in situ CO:2
removal at WGFR of 4, 1 atm, catalyst/sorbent ratio of 5/2.5 and contact time of 1 h (-
thermodynamic equilibrium of SEGSR, --- thermodynamic equilibrium of GSR, ©
experimental results for SEGSR, ® experimental results for GSR). Taken from [44].

Both experimental and thermodynamic equilibrium gas composition values are
in agreement for SEGSR. In terms of the effect of temperature, a compromise
between the WGS reaction, SRM and CO; sorption has to be considered. At
higher temperatures, both exothermic WGS reaction and CO, sorption are less
favored while the endothermic SRM is benefited. As can be seen for SEGSR,
both CO and CO. contents increase with temperature, being that CO is more
influenced because of both the increase of CO, concentration in the sorption
equilibrium and decrease of the WGS reaction equilibrium constant. The
methane content, on the other hand, decreased since high temperatures favor
SRM. Finally, the hydrogen purity decreased as well due to the presence of
higher amounts of CO and CO..
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Dou et al. [122, 170] analyzed the purity of hydrogen as a function of time
at distinct temperatures (400-700 °C [122] and 500-700°C [170]) while using
dolomite as CO; sorbent. As expected, the highest hydrogen purity was obtained
in the pre-CO; breakthrough period. The periods of production of hydrogen with
purity higher than 90% were 3.6, 6.8 and 5 min at 400, 500 and 600 °C,
respectively. At 700 °C, the maximum H; purity was 77% with a CO;
breakthrough time of 0.7 min [122]. A similar behavior was observed in [170].
The authors suggest that the effect of SEGSR was particularly low at 700 °C
because the carbonate decomposition (calcination) in the presence of steam is
significantly active at that temperature for dolomite. Moreover, the calcined
dolomite presents some affinity towards steam in order to form Ca(OH). (Eq.
(2.13)). In another work, Dou and co-workers [139] observed that the high-purity
hydrogen production period did not vary much when the operation temperature
was increased from 500 °C to 600 °C, while using CaO as CO, sorbent. Chen et
al. [171] observed, while using an hydrotalcite CO. sorbent, a decrease of the
GSR enhancement when the temperature was increased from 400 to 500 °C.
Thus, the operating temperature should be chosen so that the GSR

enhancement caused by in situ CO; capture is maximized.

2.5.2.2 Effect of the molar water/glycerol feed ratio

It is well known that the WGFR has an important influence on the GSR
reaction. It was verified in section 2.2.2 that increasing the WGFR affects the
thermodynamic equilibrium of the SEGSR process. However, in actual operation
additional effects may occur. Such effects are target of discussion here.

Chen and co-workers [44] analyzed the performance of the SEGSR for
different values of WGFR in the range of 3-9. A comparison between the
evolution of product composition with time on stream at WGFRs of 3, 4 and 9
was done. During the pre-CO, breakthrough period, in particular, the authors

observed that for a WGFR of 9 the maximum H: purity is higher than that for a
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WGFR of 3. Moreover, at the lower WGFR the H, purity decreased with time on
stream. This decay was caused exclusively by the gradual increase of the
methane content, since both CO, and CO content remained almost constant and
low. The authors suggested that the relatively high methane content was not
exclusively due to methanation reaction, since only low amounts of CO, and CO
were present in the gas phase and in the catalyst surface. Thus, considering that
SEGSR was performed at high temperatures and glycerol is thermally unstable,
the pyrolysis of glycerol to yield CH4, CO2, H20, coke and volatiles may have
happened even before glycerol reached or passed through the catalyst bed.
Therefore, pyrolysis of glycerol may have occurred and caused the
carbonaceous deposits that were found on the front of the reactor bed and that
led to catalyst deactivation. At a WGFR of 4 the purity of H> was lower than that
for a WGFR of 9, however gradual decrease of the H, content due to methane
formation through glycerol pyrolysis was not observed at such water content as
compared to WGFR of 3.

A comparison between the H; yields obtained experimentally and in the
thermodynamic equilibrium at different WGFRs was also done by Chen et al.
[44]. The biggest difference was obtained for a WGFR of 3. This happened
because of the pyrolysis of glycerol that hindered hydrogen production by
favoring the formation of CH,, CO. and carbon deposits. As the WGFR
increased, the experimental H; yield went close to the thermodynamic
boundaries, being that at a WGFR of 9 the experimental H; yield achieved the
theoretical maximum value. In another work, Chen et al. [169] obtained lower H,
yields than in [44] using the same WGFR of 9 but at 550 °C. They suggested
that this lower performance was associated to the formation of carbonaceous
deposits through glycerol pyrolysis. The reason for such difference is that while
in [44] pure glycerol was used, in [169] Chen’s group used crude glycerol, whose

impurities lead to pyrolysis, thus enhancing coke formation.
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Wang et al. [172] analyzed the impact of changing the WGFR from 6 to 9
on the product composition (dry basis) of SEGSR. While for a WGFR of 6 a dry
product composition of 87% Hz, 9% CHa,, 3% CO and 1% CO- was attained, for
a WGFR of 9 a dry product composition of 95% H, and 5% of CH4 was reached.
This is due to the enhancement of GSR performance at higher WGFRs. Even
though the H, concentrations obtained for both cases were high, they were still
below the thermodynamic values. Methane concentrations, on the other hand,
were higher than the thermodynamic values, which the authors suggested to be
due to lack of activity to convert excess methane into hydrogen with the Ni/ZrO,
catalyst used.

On the other hand, the steam content has been reported to influence the
capacity of CO, sorbents [141, 142]. By comparing the sorption capacity of
hydrotalcite-based sorbents under dry and wet conditions, Martunus et al. [142]
and Marofio et al. [141] concluded that under wet conditions the CO; capture
capacities of the sorbents were higher. Dou et al. [170] compared the
performance of SEGSR using crude glycerol and pure glycerol in the same
conditions, having come to the conclusion that when crude glycerol was used
longer breakthrough times were observed. This might be explained by the fact
that steam conversions obtained while using crude glycerol were approximately
half of those obtained for pure glycerol, thus resulting in higher steam partial
pressures in the reactor when crude glycerol was used. However, excessive
amounts of steam may lead to reduction of CO; capture capacity of sorbents,
since it causes shrinkage of pore mouths due to sorption of both steam and CO
on the active sorbent surfaces, especially near the pore mouth. Consequently,

the pores may be closed, thus increasing the diffusional resistance [142].

2.5.2.3 Effect of pressure

It was discussed in section 2 that, in equilibrium, lower pressures favor the

production of hydrogen through both GSR and SEGSR and lead to low carbon
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formation, especially for SEGSR. Chen and co-workers [171] observed that by
increasing the operation pressure, the hydrogen yield decreased for both GSR
and SEGSR (Fig. 2.21 [171]). However, as expected, higher values of hydrogen
yield were obtained in SEGSR for all pressure range. Moreover, it was observed
that the difference between the values of H; yield in GSR and SEGSR increased
with pressure, as can be seen in Fig. 2.21. This happens because higher
pressures favor CO; sorption. Therefore higher pressures allow taking more
advantage of the benefits of the SEGSR process.
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Fig. 2.21 - Effect of pressure on the hydrogen yield during SEGSR at 450 °C, WGFR of
9, glycerol/N2 volume ratio of 0.025, using a Ni-based catalyst and microsized
hydrotalcite as CO2 sorbent. Taken from [171].

2.6 Membrane reactors

The international union of pure and applied chemistry (IJUPAC) defined MR
as a device for simultaneously carrying out a reaction and a membrane-based
separation in the same physical enclosure [173]. In a MR the membrane not only
selectively separates one or more components but also plays a crucial role, e.g.
in overcoming the thermodynamic boundaries of equilibrium-limited reactions

like the GSR. Regarding its advantages compared to TRs, they are basically the
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same as SERs, with exception to the reduction of CO, emissions, being that the
capital costs reduction is even higher in the case of MRs since only one reactor
is needed instead of two reactors. In fact, this cost reduction is feasible as long
as cheap and long-lasting membranes can be produced. Moreover, in MRs it is
possible to produce ultra-pure hydrogen streams. The scheme of a MR for GSR
is presented in Fig. 2.22 [174]. In this particular case, a hydrogen permselective
membrane is used to selectively separate hydrogen from the other components;
however, a CO, permselective membrane could be used instead. Still, since
one of the main goals of using MRs for GSR reaction is to produce ultra-pure
hydrogen that can later be used in PEMFCs, it is preferable to use a H:
permselective membrane in order to isolate H, instead of using CO
permselective membranes and having H, mixed with steam, some unreacted

CO and glycerol.

Permeate

Glycerol
+

Steam

Retentate

CO, + Steam

|

Catalyst N Membrane

Fig. 2.22 - Scheme of a MR for the GSR reaction. Adapted from [174].

2.6.1 Hydrogen permselective membranes for membrane
reactors

Hydrogen permselective membranes may be classified as dense metallic
membranes (palladium and palladium alloys), proton conducting dense ceramic
membranes (perovskites like SrCeOss and BaCeOss), dense polymeric
membranes (polyimide, cellulose acetate, polysulfone, etc.), microporous

ceramic membranes (silica, alumina, zirconia, titania, zeolites, metal-organic
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frameworks (MOF)) and porous carbon membranes (carbon) [175, 176]. The
main advantage of dense metallic membranes is that usually they withstand high
temperatures (e.g. as compared to polymeric ones) and present higher
selectivity towards H;, thus being possible to obtain high purity hydrogen-
permeate streams [175]. Therefore, dense metallic membranes are preferable
for ultra-pure hydrogen production and will be the main target of focus.

When choosing a membrane to be used in a MR, one has to consider the
operating conditions under which the membrane will be used. In the last years
there has been a tremendous effort in order to find suitable membranes for MR
applications. Palladium-based membranes are currently the most promising for
high purity hydrogen production in MRs, especially palladium alloys (e.g. Pd-Ag
and Pd-Cu) which are less sensitive than pure Pd to embrittlement (caused by
the presence of H, at temperatures below 300 °C and pressures below 2 MPa)
and poisoning (caused by contact with CO or H,S - present in crude glycerol)
[175, 177]. Tosti et al. [178] verified that self-supported dense Pd-Ag 23 wt%
tubular membranes with finger-type configuration are highly durable and reliable
since they allowed to attain complete hydrogen selectivity and no failures were
observed after at least one year of thermal and hydrogenation cycles. These
characteristics, together with high permeability, make such materials very
promising for ultra-pure hydrogen production in industrial and energetic
applications (chemical industry, PEMFCs, etc.) [178]. However, the cost of these
dense membranes is still a limiting factor, reason why a strong effort has been
put in the preparation of thinner Pd films over different supports, by several
techniques.

In terms of preparation methods, electroless plating (EP) and chemical
vapor deposition (CVD) are the most used ones. The EP method normally
consists on producing Pd particles through reduction of a plating solution
containing Pd-amine complexes. This technique allows to attain high coating

adhesion, involves low operation costs and allows simple operation. However,
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the impurities present in the plating solution may lead to the presence of defects
on the palladium layer deposited on the support. The CVD technigue allows to
very easily deposit a metal film on a support. On the other hand, using both of
these techniques it may be difficult to control the metal alloy composition [179].

Usually the permeation of hydrogen through a palladium-based membrane
is described by a solution-diffusion mechanism, being that the flux of hydrogen

that permeates through the membrane (/,) can be illustrated by the following

equation:

Ppan,

]Hz = /5 (pIJ-CIZ.retentate - plj-clz,permeate) (2.55)

where Ppg 4, is the permeability of the membrane, § is the membrane thickness,
PH, retentate @Nd Py, permeate @re the partial pressures of hydrogen in the

retentate and in the permeate side, respectively, and x is the pressure exponent.

. P . .
The ratio % is normally called permeance or pressure normalized flux. The

pressure exponent takes values between 0.5 and 1, being 0.5 (Sievert’s law)
when the diffusion of atomic hydrogen through the metal lattice of the membrane
is the limiting step. On the other hand, the pressure exponent becomes close to
1 if the surface adsorption is rate limiting. The permeability is typically described

by an Arrhenius-type dependency on the temperature:
)2 _ PO _ Ea,Pd/ 256
pa,H, = Ppa,n,eXP RT (2.56)

where P}?d,HZ is the pre-exponential factor and E, p4 is the activation energy of
the membrane.

Table 2.10 encompasses a summary of different Pd-based membranes
that have been reported in the last years. Some parameters such as membrane
thickness, hydrogen permeance, ideal H»/N, selectivity and activation energy

are reported.
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Table 2.10 - Characteristics of different Pd-based membranes reported in the literature.

Mermb T Joca AP | kPab ) Permeance to H; Ideal selectivity E,pa Ref
embrane a eference
/ pm / mol-m2s1.pa0s H2/N2 / kJ-mol*
Pd-25 wt% Ag 300 10-150 50 1.15 x 1074c o 10.72 [180]
Pd-23-25 wit% Ag 350 700 84 2.26 x 107% © 2.92 [181]
Pda6.6-Cus3z.4 400 345 40 450 x 107*¢ - 5.80 [182]
Pdas.8-Cusi.9-Ag2.3 400 345 40 3.50 x 10 — 4¢ - 10.20 [182]
Pd-5 wt% Pt/YSZ 400 57.9-609.5 6.6 1.18 x 107 3¢ 994 - [183]
Pd/Ag/PSS 400 100 4.0 1.71 x 1073¢ 1000 11.90 [184]
Pd/Pencil/lPSS 450 100 7.0 1.40 x 107 3¢ 120 13.80 [185]
Pd/TiO2/Ti-Al 500 588-704°  14.0 1.07 x 1073 0 13.65 [186]
Pd7sAgeAuss 450 - 14.0 1.16 x 1073¢ - - [187]
Tiso.86aNis6.961Pda.175 450 100 45.0 3.84 x 107°c - 42.23 [188]
PdosAus 400 - 25 440 x 1073¢ > 10000 - [189]
PdosYs 400 - 2.0 5.50 x 1073¢ > 10000 - [189]
Pd73Cu2sY1 400 - 2.0 2.50 x 1073¢ > 10000 - [189]

YSZ: Yitria-stabilized zirconia.

PSS: Porous stainless steel.
a8 Temperature at which the permeance was obtained.
b Trans-membrane pressure difference at which the permeance was obtained.

¢ Calculated values.
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2.6.2 Glycerol steam reforming in membrane reactors

Experimental studies featuring the use of MRs for hydrogen production through
several reactions (GSR, SRM, WGS, steam reforming of ethanol, etc.) have
been extensively reported in the last decade. This growing interest in such
technology is explained by the fact that, among other things, MRs allow to
overcome the thermodynamic boundaries of equilibrium-limited reactions, thus
allowing to reach high purity hydrogen streams that are suitable for use in
PEMFCs. The experimental studies on GSR in MRs reported in the literature
[190-193] assessed the effects of temperature, pressure and weight hourly
space velocity (WHSV) and will be summarized in the next section.

2.6.2.1 Effects of temperature, pressure and weight hourly
space velocity

In a MR, it was observed that, by increasing the operating temperature
from 400 °C to 450 °C, both glycerol conversion and hydrogen yield increased
[190, 192]. This happens not only because of the endothermic nature of the GSR
reaction, but also because at higher temperatures the Pd-Ag/PSS membrane
becomes more permeable towards hydrogen (Eg. (2.56)). Such enhancement in
the performance was also proved by the observed increase in the hydrogen
recovery (ratio between the amount of hydrogen collected in the permeate side
and the total amount of hydrogen produced in the GSR reaction) when
temperature was increased from 400 °C to 450 °C [190]. This way, a higher shift
of the thermodynamic equilibrium at higher temperatures is observed.

When it comes to the successful operation of a MR, pressure is a
fundamental parameter to be taken into consideration. As can be seen by
analyzing Eq. (2.55), higher differences between the retentate and permeate
pressures (driving force) lead to higher permeating hydrogen fluxes. Therefore,
higher driving forces favor the dislocation of the thermodynamic constraints (Fig.
2.23[193]). On the other hand, the production of hydrogen through GSR reaction
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is not favored at higher pressures, as already discussed in previous sections
and illustrated in the same figure. Thus, a compromise between these two
factors must be taken into consideration, being, for the conditions employed in

Fig. 2.23, the hydrogen permeation through the membrane the dominant one.
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Fig. 2.23 - Effect of reaction pressure on the hydrogen yield for the traditional reactor
(TR) and membrane reactor (MR) at 400 °C, WGFR of 6, WHSV of 1.0 h'%, counter-
current configuration of sweep-gas, atmospheric pressure in the permeate side and
steep-gas/Qegcerol-in=11.9. Taken from [193].

In terms of glycerol conversion, a clear increase was verified with the
increase of pressure in several works with MRs [190, 192, 193]. However,
lulianelli et al. [191] observed a high increase of glycerol conversion from 1.0 to
4.0 bar and a small decrease from 1.0 to 1.5 bar (Fig. 2.24 [191]). The authors
suggested that this happens because while for the first case the enhancement
of the hydrogen permeation prevails over the thermodynamic restrictions, for the
second case the opposite occurs. Regarding the hydrogen yield, it increased
less and, at higher pressures, it was observed that it stabilized or even
decreased. This happens due to the occurrence of methanation reactions which
consume hydrogen. Basile and co-workers [191] observed an increase of the
methane selectivity as well as a decrease of hydrogen selectivity for increasing

pressures. Such behavior is also due to the low capacity of the used Co-based
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catalyst to promote SRM [191]. Contrarily, the recovery of hydrogen increased

even more rapidly at higher reaction pressures.
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Fig. 2.24 - Dependency of glycerol conversion the sweep factor (SF) in the Pd-Ag MR
at different reaction pressures, 400 °C, WGFR of 6 and WHSV of 1.01 h1,

The use of an inert sweep gas to dilute the hydrogen in the permeate side
and decrease its partial pressure has been one of the best ways of increasing
the driving force for hydrogen permeation in MRs. lulianelli et al. [191] analyzed
the effect of the sweep factor (SF) (molar ratio between the sweep gas and the
feed glycerol flow rates) on glycerol conversion and hydrogen recovery at
different reaction pressures. By increasing the SF from 2.6 to 11.9 at 4.0 bar, the
glycerol conversion increased from 55.0 to 92.0% (Fig. 2.24). However, for
increasing SFs beyond 11.9 the enhancement of the glycerol conversion is very
low. This happens because from a SF of 11.9 on, the increase in the dilution of
the hydrogen in the permeate side is almost null and so the driving force almost
does not increase. In terms of hydrogen recovery, the best result was around
63.0% and was obtained at 4.0 bar and SF of 22.8.

The effect of the WHSV has also been analyzed by lulianelli et al. [193].
The authors observed that increasing WHSV have a negative impact on the

glycerol conversion and on both hydrogen yield and recovery. The lower the
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WHSYV, the higher is the residence time of gases inside the reactor bed and so
higher glycerol conversions and hydrogen yields are obtained. Higher residence
times also allow hydrogen to permeate more easily, not only because of the
higher amounts of hydrogen produced and thus higher driving force, but also
because hydrogen has more time to reach the membrane surface and permeate.

Besides affecting the performance of the GSR catalyst, the deposition of
carbonaceous deposits was also found to negatively affect the performance of
the membrane in terms of hydrogen permeating flux [191]. Moreover, the
presence of CO during GSR reaction is often responsible for the loss of
membranes permeability, being far more important than CO» [177]. One way of
reducing this effect is to use higher WGFRs (e.g. 9).

2.7 Conclusions

In the last decades hydrogen has been seen as a promising energy carrier
to be used in energy systems. For this reason, different ways of producing
hydrogen have been target of interest. However, most of these processes are
based on the use of fossil origin raw materials (natural gas, naphtha, coal, etc.)
whose environmental sustainability is highly questionable.

Glycerol produced as by-product in the biodiesel manufacturing process
has been found to be a very attractive non-fossil alternative for hydrogen
production. The GSR process is seen as one of the most promising ways of
converting glycerol into hydrogen, mainly because its scale-up would not require
many changes in the current industrial processes for hydrogen production from
fossil fuels, which are mostly based on steam reforming. In order to enhance the
GSR process performance for improved hydrogen production the choice of an
appropriate catalyst is fundamental. Nickel and noble metals like platinum and

ruthenium have been widely studied. While nickel catalysts are cheaper, noble
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metals are more active and stable, thus allowing to work at lower temperatures.
Nonetheless, in the last years a huge effort has been put on the search for nickel-
based catalysts whose performance is comparable to that of noble metal
materials. The influence of catalyst supports must also be taken into
consideration, being that neutral supports (e.g. SiO-) present higher stability and
lower carbon deposition. The use of promoters may also be necessary in order
to further improve the catalyst stability, a key issue in this field. Consequently,
further research has to be done on this area, especially the search for low-
temperature active and stable Ni-based catalysts.

Different mechanisms have been proposed for the GSR reaction (e.g.
Langmuir-Hinshelwood dual site mechanism with molecular adsorption of
glycerol and molecular or dissociative adsorption of water). However, a
consensus on this matter hasn’'t been reached yet and so further studies are
required. Moreover, since the GSR reaction highly promotes the formation of
carbonaceous deposits, the study of the coke deposition kinetics has also been
done, being that a Langmuir-Hinshelwood single site mechanism with
dissociative adsorption of glycerol and molecular adsorption of water was
proposed to describe the deposition of coke over a Co-Ni/Al,Os catalyst. Despite
this, more focus on this subject is required as well, so that the possible existence
of different mechanisms of coke deposition on other types of catalysts may be
disclosed.

Even if a good catalyst together with favoring operating conditions are
used in catalytic GSR in a TR (e.qg. fixed bed reactor), thermodynamic limitations
in terms of glycerol conversion and hydrogen yield are still present. In order to
avoid such constraints, intensified processes combining GSR reaction and CO.
or H; selective removal in the same physical device have been found as an
excellent alternative. It has been observed that removing CO, or H, from the
reaction medium shifts the thermodynamic equilibrium towards higher glycerol

conversions and higher hydrogen yields. Moreover, such processes allow to
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work at lower temperatures and attain similar or even better performances than
TRs at higher temperatures. However, in order for the implementation of these
processes be successful, CO, sorbents with high sorption capacity, stability and
low sorption and regeneration temperatures (e.g. 300-500 °C), as well as
hydrogen permselective membranes with high hydrogen selectivity and
permeability and high resistance to embrittlement and poisoning have to be
used. At the moment, hydrotalcite-based CO. sorbents (that require lower
sorption and regeneration temperatures) and Pd-based membranes are seen as
promising systems for use in SEGSR and GSR in MRs, respectively, at lower
temperatures (300-400 °C). Moreover, appropriate operating conditions
(temperature, WGFR, pressure and WHVS) have to be carefully chosen.
Regarding CO- emissions, these can be easily avoided through SEGSR,
however MRs with H, permselective membranes are not efficient on this. On the
other hand, highly pure H, streams suitable for use in PEMFCs can only be
produced in MRs. Therefore, new solutions combining catalytic GSR with in situ

CO; and H; removal would be interesting to explore.

Notation and Glossary

E, Activation energy

Eqpa Activation energy of a Pd-based membrane
f Fraction of H2 removal

G Gibbs free energy

Jh, Flux of Hz through the membrane

K Equilibrium constant

k Reaction rate constant

K; Adsorption constant of component i
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ko Pre-exponential factor
k¢ Coke deposition reaction rate constant
n; Molar number of component i

PH, permeate Partial pressure of Hz in the permeate side

PH, retentate Partial pressure of Hz in the retentate side

Di Partial pressure of component i

Ppau, Permeability of a Pd-based membrane to H2
PRau, Pre-exponential factor

R Ideal gas constant

Teoke deposition  R€action rate of coke deposition

TGSR Reaction rate of glycerol steam reforming
T Absolute temperature
Xy, X, Basic and acid active sites, respectively

Greek letters

) Membrane thickness

AH® Standard enthalpy

AH?%8K Reaction enthalpy at 298 K

Wi Chemical potential of component i

Superscripts

a,b Partial reaction orders for glycerol and steam, respectively

X Pressure exponent
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List of acronyms

CTAB

CvD

EP

GHSV

GSR

IUPAC

MR

PEMFC

PSA

PSS

SEGSR

SER

SRM

TR

WGFR

WGS

WHSV

YSZ

Cetyltrimethyl Ammonium Bromide

Chemical Vapor Deposition

Electroless Plating

Gas Hourly Space Velocity

Glycerol Steam Reforming

International Union of Pure and Applied Chemistry
Membrane Reactor

Polymer Electrolyte Membrane Fuel Cell
Pressure Swing Adsorption

Porous Stainless Steel

Sorption-Enhanced Glycerol Steam Reforming
Sorption-Enhanced Reactor

Steam Reforming of Methane

Traditional Reactor

Molar Water/Glycerol Feed Ratio

Water-Gas Shift

Weight Hourly Space Velocity

Yttria-Stabilized Zirconia
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Chapter 3. Predictive Analysis of Glycerol
Steam Reforming Process for H, Production

This chapter encompasses two theoretical assessments of glycerol
steam reforming (GSR). In subchapter 3.1 a thermodynamic analysis is
discussed and in subchapter 3.2 a modeling study is carried out.
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3.1 Thermodynamic Analysis of Glycerol Steam
Reforming for Hydrogen Production with in situ
Hydrogen and Carbon Dioxide Separation
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A thermodynamic study of Glycerol Steam Reforming (GSR) for
hydrogen production with in situ carbon dioxide and hydrogen (reaction
products) simultaneous removal was performed. The sorption-enhanced
membrane reactor (SEMR) was divided into multiple sub-Gibbs reactors
and the Gibbs free energy minimization method was employed. The
effects of temperature (600-800 K), molar water/glycerol feed ratio
(WGFR) (3-9), pressure (1-5 atm) and fraction of hydrogen and carbon
dioxide removal (f, 0-0.99) on the GSR process were target of
investigation. A hydrogen yield (mol - molz yertea giyceror) VEry close to
the stoichiometric value of 7 was obtained at 700 K, WGFR of 9, 1 atm and
for fco, = 0.99 and fy, = 0.80. This corresponds to an enhancement of
217%, 47% and 22% in terms of hydrogen yield comparatively to the
traditional reactor (TR), sorption-enhanced reactor (SER) with carbon
dioxide capture (f¢o, = 0.99) and membrane reactor (MR) with hydrogen
separation (fy, = 0.80), respectively. In terms of coke, its formation was

only observed under WGFRs below the stoichiometric value of 3.

The contents of this chapter were adapted from: Silva, J.M., M.A. Soria, and L.M.
Madeira, Thermodynamic analysis of glycerol steam reforming for hydrogen production
with in situ hydrogen and carbon dioxide separation. Journal of Power Sources, 2015,
273, 423-430.
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3.1.1 Introduction

The use of glycerol, the main by-product of the biodiesel manufacture
process, for hydrogen production is not only environmentally more attractive
than fossil-based routes, but also valorizes glycerol itself thus making biodiesel
more competitive. The Glycerol Steam Reforming (GSR) is an endothermic and
equilibrium-limited process that requires high operating temperatures (Eg.
(3.1.1) — cf. Table 3.1.1). The GSR process involves the decomposition of
glycerol (Eq. (3.1.2) — cf. Table 3.1.1) followed by the water-gas shift (WGS, Eqg.
(3.1.3) — cf. Table 3.1.1) reaction (multiplied by a factor of 3).

Table 3.1.1 - Reactions in equilibrium considered during the GSR thermodynamic
simulations.

298 K
. AH; .
Reaction Reaction number
/ kJ:mol*

C3HsO3 + 3H20 — 7H2 + 3CO2 128 (3.1.1)
(GSR - glycerol steam reforming)
C3HgOz —» 3CO + 4H:2 251 (3.1.2)
(decomposition of glycerol)
CO +H20=H2+CO2 -41 (3.1.3)
(WGS — water-gas shift)
CO + 3Hz2 = CH4 + H20 -206 (3.1.4)
(methanation)

-165 (3.1.5)

CO2 + 4H2 = CH4 + 2H.02
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Table 3.1.1 - Reactions in equilibrium considered during the GSR thermodynamic
simulations (cont.).

AHZ98K
Reaction ) Reaction number
/ kJ-mol?
2CO + 2Hz = CH4 + CO2P 247 (3.1.6)

(dry reforming of methane)

2CO0=C0O2+C -172 (3.1.7)

(Boudouard reaction)

CHs=2H2+C 75 (3.1.8)

(methane cracking)

CO+H,=2H0+C -131 (3.1.9)

(carbon monoxide reduction)

COz2+2H2=2H0+C -90 (3.1.10)

(carbon dioxide reduction)

a Sum of both reverse of Eqg. (3.1.3) and Eq. (3.1.4).
b Sum of Egs. (3.1.3 and 3.1.4).

Even though a theoretical H production of 7 mol mol,yerted gycerol

should be observed, the existence of side reactions (e.g. methanation) leads to
a decrease in hydrogen production. Theoretical studies on new reactor
configurations that combine GSR and carbon dioxide [1, 2] or hydrogen [3]
selective removal (reaction products in Eq. (3.1.1)) have allowed to conclude
that such intensified processes permit to enhance the hydrogen production and
decrease the production of both methane and carbon monoxide by-products by
shifting the thermodynamic equilibrium. Moreover, such processes allow the
attainment of similar or even better performance than in a traditional reactor (TR)
while operating at milder operating conditions. However, the effect of the

selective removal of both products simultaneously during GSR has never been
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studied. Such a process could be achieved with a multifunctional Sorption
Enhanced Membrane Reactor (SEMR), which would simultaneously carry out
the GSR reaction and remove pure hydrogen and carbon dioxide from the
reaction zone by means of a hydrogen selective membrane and a carbon dioxide
selective sorbent, respectively (Fig. 3.1.1). The continuous use of such reactor
configuration would require two parallel reactors, being that while one of them is
producing pure Hz through GSR (which exits in the permeate stream and is not
mixed with any other species, apart from the inert carrier gas, due to membrane
selective permeation - left side of Fig. 3.1.1), the other is being regenerated, i.e.,
carbon dioxide is being removed and exits in the retentate stream (again N> can
be used as purge gas - right side of Fig. 3.1.1). In other words, each reactor has
two operation modes being that along time each of them goes through the
reaction-regeneration cycle repeatedly. Since the goal is to shift the
thermodynamic equilibrium of GSR during reaction mode by retaining CO; in the
sorbent, once the sorbent gets saturated and CO; starts breaking through the
column the reaction is ended (Fig. 3.1.1 (a)). At this point, the set of valves
moves this reactor feed (glycerol and steam) to e.g. N2 so that the sorbent bed
can be regenerated (Fig. 3.1.1 (b)). During this last step no H: is produced in
this reactor, being produced in the other reactor that is now in the reaction stage.
Moreover, although CO- might affect membrane permeability towards H, this is
not very pronounced as, for instance, it occurs with CO, and such effect is
reversible (thus, as long as CO: is removed, high permeability towards H: is
restored) [4]. The main requirement is that operating conditions, namely in terms
of temperature, are compatible for the GSR catalyst, CO, sorbent and H»-
selective membrane, which is the case [5].

In this work an equilibrium thermodynamic analysis of GSR in a SEMR
was done, for the first time, with ASPEN PLUS software and the effect of the
operating temperature, pressure, molar water/glycerol feed ratio (WGFR) and H:

removal fraction (for constant CO, removal) on hydrogen production was
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assessed. Moreover, a comparison between the results obtained under
equilibrium conditions for the SEMR and for the other types of reactors (TR,
membrane reactor (MR) and sorption enhanced reactor (SER)) was done as
well. Finally, the limits in terms of WGFR for avoiding coke formation at different
temperatures was discussed. This thermodynamic analysis is crucial as it may
indicate the suitability of applying such intensified reaction-separation process
for hydrogen production from glycerol. Moreover, and although thermodynamic
considerations alone do not provide evidence for the practicability of the design,
it provides valuable information about the limits that can be attained in actual
operation, and gives indication on how to proceed and which conditions have to

be applied in order to achieve maximum performance.
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Fig. 3.1.1 - Schematic view of the conceived SEMR based on 2 parallel reactors
configuration for continuous operation and corresponding outlet concentrations histories
in the retentate stream during (a) reaction and (b) regeneration stages.
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3.1.2 Methodology

ASPEN PLUS V7.3 was used to perform all the simulations. The Gibbs
free energy minimization methodology (honstoichiometric method), which
calculates the equilibrium composition through the minimization of the Gibbs free
energy of a specific set of species was applied (a more detailed description of
the methodology is available in the Supplementary data).

For such simulations, the species included were hydrogen, carbon dioxide,
carbon monoxide, methane, glycerol, water and solid carbon. By considering
these species, some of the possible reactions that might be in equilibrium
together with GSR (Egs. (3.1.2) and (3.1.3)), are the ones shown in Table 3.1.1.
The reaction in Eqg. (3.1.5), which is the sum of both reverse of Eg. (3.1.3) and
Eq. (3.1.4), is included in Table 3.1.1 with the single purpose of facilitating the
analysis of the stoichiometric relations in the SEMR.

The modular approach used to simulate the SEMR (Appendix A, Fig. A.1)
is represented by (n+ 1) sub-reformers and n sub-separators. Each sub-
reformer consists on a Gibbs reactor which performs the thermodynamic
equilibrium calculations through the method previously explained. The sub-
separators consist on component separators that separate chemical species
based on specified flows or split fractions, which in practice is related with factors
like membrane and sorbent selectivities, membrane area and sorbent quantity,
etc. For n = 0 a simple Gibbs reactor is simulated; for n = 1 a single separator
and two sub-reformers are used; and so on. The value of n depends on the
values of the global removal fractions of CO2 (f¢(,) and Hz (fy,) specified (higher
values of f imply higher values of n). It is worth mentioning that a similar
methodology has been used in previous works [1, 3].

The thermodynamic analysis was performed for temperatures in the range
of 600-800 K, pressures between 1 and 5 atm, WGFRs between 3 and 9
(realistic operation conditions for hydrogen selective membranes [6, 7] and

carbon dioxide sorbents [5, 8, 9], which are close to those typically employed in
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the GSR [10, 11]); the study considered also hydrogen removal fractions in the
range of 0-0.99 and a carbon dioxide removal fraction of 0.99 (for the reasons
explained in a posterior section). For all the cases, the yields of hydrogen,
methane, carbon dioxide and carbon monoxide were analyzed. These were

defined as follows:

Yi = (ni,separated + ni,unseparated)/nconverted glycerol (3-1-1)

where Y; is the yield of species i and nonperted giyceror 1S the molar flow rate of

glycerol that is converted into all reaction products.

3.1.3 Results and discussion

3.1.3.1 GSR with in situ hydrogen or carbon dioxide removal
— comparison

Before performing the thermodynamic equilibrium calculations for the
SEMR, the thermodynamics of GSR performed in a TR, SER or MR was
analyzed. In order to fully understand the effect of the simultaneous removal of
both hydrogen and carbon dioxide during GSR on the thermodynamic
equilibrium, it is essential to analyze first the effect of the individual removal of
either hydrogen or carbon dioxide on the GSR thermodynamics. A comparison
between both individual effects (hydrogen and carbon dioxide removal), which
to the best of our knowledge has never been done before, is included as well.

Complete conversion of glycerol was observed for all the range of
temperatures analyzed (data not shown), in agreement to what was observed
by other authors [1-3, 12, 13]. This means that in the subsequent analysis Eq.

(3.1.2) is almost not taken into account as it is completely shifted towards
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reaction products. Coke formation was not observed for all the conditions used

in this section, so Egs. (3.1.7-10) will now be discarded.

3.1.3.1.1 Traditional reactor (f; = 0)

The variation with temperature of the dimensionless (normalized with the
molar flow rate of glycerol fed to the reactor) molar flow rate of glycerol, water,
hydrogen, carbon dioxide, carbon monoxide and methane in the thermodynamic
equilibrium of a TR is presented in Fig. 3.1.2.
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Fig. 3.1.2 - Effect of temperature on the thermodynamic equilibrium composition of a
traditional reactor at WGFR of 9 and 1 atm.

In terms of hydrogen and carbon dioxide dimensionless molar flow rates,
it can be seen that they increase with temperature up to a certain point, stabilize
and then suffer a slight decrease (Fig. 3.1.2). In order to understand this
behavior, the reactions in Egs. (3.1.3) and (3.1.4) should be considered. At lower
temperatures (~600 K), the strongly exothermic methanation reaction (Eq.
(3.1.4)) is favored, in agreement with the maximum methane and water and
minimum carbon monoxide dimensionless molar flow rates observed.
Particularly, the dimensionless molar flow rate of water for such temperature is
slightly higher than the value of 9 in the feed, thus indicating water formation.

When temperature increases the methanation reaction is more disfavored
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(progressive inhibition of methane production as compared to WGS reaction
(less exothermic — Eq. (3.1.3)), which progressively becomes dominant (CO»
and H- production and H,O consumption). The stabilization of the hydrogen and
carbon dioxide production at higher temperatures is related to the highly
enhanced reverse WGS (RWGS), which leads to an increase in the water
production. The faster stabilization of the carbon dioxide production observed
(maximum at lower temperature than hydrogen) is due to the fact that while
hydrogen is being consumed through RWGS and saved through the inhibition of
methanation (3 mol of H, per mole of CH4 unproduced), carbon dioxide is only
being consumed through RWGS. When the temperature is high enough so that
there is no methane formation, the yield of hydrogen starts decreasing and the
RWGS becomes the only dominant reaction (hydrogen and carbon dioxide
decrease at a similar rate). Since carbon monoxide is consumed through WGS
and methanation, which are both exothermic reactions, higher temperatures
lead to higher carbon monoxide production. For the conditions here analyzed
the material balances performed for each species considering only stoichiometry
of reactions 2, 3 and 4 were all consistent with the simulations results, thus
indicating that there are no other reactions occurring besides the ones previously
indicated.

Regarding the dry reforming of methane (Eq. (3.1.6)), suggested by
Adhikari et al. [12] to be responsible for the behavior of carbon dioxide
production, once it depends on both WGS and methanation (Egs. (3.1.3) and
(3.1.4)), which have been target of discussion already, it is implicitly already

analyzed here.

3.1.3.1.2 Sorption-enhanced reactor versus membrane reactor

The variation of the yield of hydrogen, methane, carbon monoxide and
carbon dioxide with temperature and carbon dioxide removal fraction (in the
SER) and hydrogen removal fraction (in the MR) is presented in Fig. 3.1.3 and
Fig. 3.1.4, respectively.
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Fig. 3.1.3 - Effect of temperature and carbon dioxide removal fraction of the SER on the
yield of (a) hydrogen, (b) methane, (c) carbon monoxide and (d) carbon dioxide, at
WGFR of 9 and 1 atm.

Besides increasing with temperature, the yield of hydrogen increases with
the fraction of carbon dioxide or hydrogen removal as well. It can be observed
by comparing Fig. 3.1.3 (a) and Fig. 3.1.4 (a) that higher hydrogen production
can be attained by selectively removing hydrogen from the reaction medium
instead of carbon dioxide, especially at lower temperatures. This difference is
associated to the inhibition of the formation of the main GSR by-product,
methane. When carbon dioxide is removed from the reactor, the equilibrium of
the WGS reaction (Eqg. (3.1.3)) is shifted towards the production of more carbon
dioxide, and inherently hydrogen, and carbon monoxide consumption. Since
carbon dioxide does not participate in the reversible methanation reaction (Eq.

(3.1.4)), its removal does not directly affect this reaction. Instead, it is only
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affected by the enhanced production of hydrogen and carbon monoxide

consumption (opposite effects).

Fig. 3.1.4 - Effect of temperature and hydrogen removal fraction of the MR on the yield
of (a) hydrogen, (b) methane, (c) carbon monoxide and (d) carbon dioxide, at WGFR of
9 and 1 atm.

On the other hand, when hydrogen is removed from the reactor, it does not only
directly affect the WGS reaction but also the methanation reaction, thus inhibiting
the last reaction to a higher extent, which converts hydrogen into methane.
Therefore, higher hydrogen yields are obtained in the MR than in the SER at the
expense of higher methane production inhibition (Fig. 3.1.3 (b) and Fig. 3.1.4
(b)).

As already stated, when there is no methane generation, higher hydrogen
yields are reached, being that the temperature of maximum hydrogen yield
depends on how fast methane production is completely inhibited. In the SER,
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this maximum occurs at approximately 950 K for all carbon dioxide removal
fractions since carbon dioxide does not directly interfere in the methanation
reaction. On the other hand, in the MR the temperature at which the maximum
hydrogen yield is obtained decreases for increasing hydrogen removal fractions
(e.g. 900 K for 40% hydrogen removal vs. 850 K for 80% hydrogen removal).
This emphasizes once again the effect that hydrogen removal has on avoiding
more intensively methane formation and thus, hydrogen consumption.

A similar behavior as recorded for hydrogen is observed for the carbon
dioxide yield in both reactors (Figs. 3.1.3 (d) and 3.1.4 (d)). However, on the
contrary to hydrogen, the yield of carbon dioxide starts declining at a
temperature bellow the one that completely inhibits methane production, for the
reason already mentioned in the previous section. When methane production is
completely inhibited, carbon dioxide, in the same way as hydrogen, is consumed
through RWGS. Once again, in a SER this maximum happens approximately at
the same temperature for all carbon dioxide removal fractions while in the MR
the maximum’s temperature decreases with increasing hydrogen removal
fractions, for the same reasons presented for hydrogen. Regarding carbon
monoxide, a similar behavior is observed in both SER and MR (Figs. 3.1.3 (c)
and 3.1.4 (c)). Since carbon monoxide is consumed through WGS and
methanation, which are both exothermic reactions, higher temperatures shift the
opposite reactions, leading to higher carbon monoxide yields. Finally, when
higher carbon dioxide or hydrogen removals are applied, more carbon monoxide
is consumed through WGS and so lower carbon monoxide yields are obtained,

as intended.

3.1.3.2 GSR with in situ hydrogen and carbon dioxide
simultaneous removal

In this section the effect of the simultaneous removal of hydrogen and
carbon dioxide during GSR, as well as the influence of temperature, WGFR and

pressure on the yield of hydrogen, methane, carbon monoxide and carbon
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dioxide is assessed. Moreover, an analysis of the boundaries of operating
conditions for solid carbon formation is included as well. During the simulations
for the SEMR, the carbon dioxide removal fraction was kept at 0.99 (approximate
removal normally obtained before the breakthrough in a packed bed) while the
hydrogen removal was varied between 0 (SER only) and 0.99. Once again,
complete glycerol conversion and no coke formation were observed for all the

range of conditions analyzed.

3.1.3.2.1 Effect of temperature

The variation of the yield of hydrogen and methane with temperature and
hydrogen removal fraction is presented in Fig. 3.1.5. Since the variation of the
carbon dioxide yield with temperature follows a trend very similar to that of

hydrogen, its graphic is not presented here for brevity reasons.

Fig. 3.1.5 - Effect of temperature and hydrogen removal fraction on the yield of (a)
hydrogen and (b) methane at WGFR of 9, 1 atm and carbon dioxide removal fraction of
0.99 in a SEMR.

The carbon monoxide yield is not included here as well since only residual
amounts were observed. Constant WGFR and pressure of 9 and 1 atm,
respectively, were used since such conditions have been reported in many
works [13-16] as the most favourable conditions for GSR. However, their effects

will be analyzed separately in a later section.
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As can be seen in Fig. 3.1.5, higher temperatures highly enhance the
hydrogen yield and decrease the methane formation because of the exothermic
nature of the main secondary reaction, methanation (Eq. (3.1.4)), which takes
place mainly at lower temperatures. Regarding the hydrogen removal fraction, it
clearly enhances hydrogen production, especially at lower temperatures. For
hydrogen and carbon dioxide removals of 99%, the theoretical hydrogen yield of
7 is obtained for all the range of temperatures tested. However, such hydrogen
removal in a membrane reactor operating at 1 atm is pratically impossible.
Therefore, a hydrogen removal of 80% [17] is considered to be much more
realistic while operating at 1 atm. Under such conditions a hydrogen production

of 5 and 7 mol- mol_}: verted glycerol at 600 K and 800 K, respectively, was

obtained. Compared to the other reactor configurations (SER and MR), the
SEMR allows higher hydrogen generation, especially at lower temperatures.
Therefore, from the thermodynamic point of view, the use of such reactor
configuration would be much more beneficial if temperatures around 600 K are
used. However, this decreases reaction kinetics and hydrogen permeation, so
that longer reactors and thus, longer and/or more permeable membranes, would
be required.

In terms of methane formation, the maximum methane production of 0.5
mol - Mol g, verted glycerol fOF feo, = 0.99 and fy;, = 0.80 was observed at 600 K
(no considerable methane at 750 K) — Fig. 3.1.5, while for the SER with fro, =
0.99 and for the MR with fy, = 0.80, maximum methane productions of 1.29
(Fig. 3.1.3 (b)) and 1.09 (Fig. 3.1.4 (b)) mol - mol 2, erted glycerol Were obtained,
respectively, for the same temperature. Regarding carbon dioxide, its yield
varies with temperature and hydrogen removal fraction in a similar way as
hydrogen (data not shown) since it is a product of the same reaction that origins
hydrogen (WGS (Eq. (3.1.3)). Moreover, since the base case here already
considers a carbon dioxide removal fraction as high as 0.99, which already leads

to a very similar behavior between hydrogen and carbon dioxide yields in the
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SER (the effect of carbon dioxide removal outweights the effect of temperature
—Fig. 3.1.3), then it is expected that by adding hydrogen removal, the similarities
between the behavior of both species yields increase. Finally, it is again worth
stressing that only residual amounts of carbon monoxide ( < 0.01 mol-

mol_ g verted glycerol) Were observed during the simulations for all the range of

temperatures and hydrogen removal fractions.

It was observed, for all the range of temperatures and hydrogen removal
fractions under which methane formation occurs that the variation of temperature
or hydrogen removal fraction resulted in variations of the moles of hydrogen 4
times higher than the variations of the moles of methane and carbon dioxide
(absolute value). This clearly indicates that both WGS (Eqg. (3.1.3)) and SRM
(reverse of Eq. (3.1.4)) control the GSR process in the SEMR. On the other hand,
under conditions that do not allow methane formation (high hydrogen removal
fractions and high temperatures), the process is solely controlled by the WGS
reaction.

By comparing the SEMR with the other three reactor configurations in
terms of hydrogen yield, it is clear that the SEMR presents better performance
than both the SER and MR and much better performance than the TR. In fact,
while in the TR, at 700 K, 1 atm and WGFR of 9, a hydrogen yield of 2.18 was
attained, in the SER with fro, = 0.99, MR with f;, = 0.80 and SEMR with fro, =

0.99 and fy, = 0.80, hydrogen yields of 4.69, 5.66 and 6.92 were observed,
respectively, under the same conditions. This corresponds to an enhancement
of the hydrogen yield of aproximately 115% when the SER with f.,, = 0.99 is
used instead of the TR, an enhancement of approximately 21% when the MR
with fy, = 0.80 is used instead of the SER with f.,, = 0.99 (enhancement of

approximately 160% comparatively to the TR) and an increase of around 22%
when the SEMR with f,, = 0.99 and f,, = 0.80 is used instead of the MR with

fu, = 0.80 (enhancement of 217% and 47% comparatively to the TR and the
SER with f¢o, = 0.99, respectively).
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3.1.3.2.2 Effect of molar water/glycerol feed ratio

The effect of both hydrogen removal fraction and WGFR on the yield of
hydrogen and methane was target of investigation as well. Such study is
depicted in Fig. 3.1.6. The WGFR was varied between 3 (stoichiometric value)
and 9, which has been considered by many authors as the most favorable value,
as already mentioned. Higher values were not considered because this would

imply, in practice, excessive costs for water vaporization.

(a)

Fig. 3.1.6 - Effect of WGFR and hydrogen removal fraction on the yield of (a) hydrogen
and (b) methane at 700 K, 1 atm and carbon dioxide removal fraction of 0.99 in a SEMR.

In terms of hydrogen production, the increase of the WGFR enhances the
production of hydrogen, especially at lower hydrogen removal fractions. By
increasing the water content in the reaction environment, the thermodynamic
equilibrium of both GSR and SRM (reverse of Eq. (3.1.4)) is dislocated,
according to the Le Chatelier's principle, towards the conversion of the excess
of water into hydrogen. Thus, the methane yield decreases, as can be seen in
Fig. 3.1.6 (b). Regarding the carbon dioxide yield, its behavior is very similar to
hydrogen (data not shown) because of the reasons already stated in the
previous section. Once again, only residual amounts of carbon monoxide were
observed. The process is controlled by the reactions in Egs. (3.1.2-4) for all the
WGFRs involved. When there is no methane, only Egs. (3.1.2) and (3.1.3) are

relevant.
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Concerning the effect of increasing hydrogen removal fractions, it is clear
that higher removal fractions of hydrogen lead to higher hydrogen production
and methane production inhibition. Moreover, this enhancement is more
pronounced for less favorable conditions (WGFR = 3).

In sum, considering again the case in which f¢,, = 0.99 and fy, = 0.80,
when the WGFR increased from 3 to 9, the hydrogen yield increased from 4.57

t0 6.92 mol * mol g verted glycerol» While the yield of methane decreased from 0.61

to 0.02.

If higher WGFRs had been tested, higher hydrogen yields would have
been obtained, especially at lower hydrogen removal fractions. However, such
water contents are considered to be disadvantageous due to the high
vaporization costs involved at industrial scale. Moreover, even if they allow
avoiding coke formation, high water contents may lead to catalyst and sorbent
deactivation due to pore blocking [18]. On the contrary, lower WGFRs are not so
problematic from the economic point of view since the glycerol produced through
the biodiesel production process is composed by low amounts of water (3.2%
water, 40% fatty matter, 33% glycerol, 23% methanol and 3.8% ash) [19].
Therefore, if lower WGFRs are employed, less water has to be added. Even if
low WGFRs are not so advantageous in terms of hydrogen production, the use
of a hybrid reaction-separation process like the one here described allows

reducing the constraints imposed by such low water contents.

3.1.3.2.3 Effect of pressure

Finally, the effect of pressure and hydrogen removal fraction on the yield
of hydrogen and methane was analyzed, as can be seen in Fig. 3.1.7. It can be
observed that when higher pressures are used, the yield of hydrogen suffers a
negative effect, except for very high hydrogen removal fractions where constant
hydrogen vyields are observed. Such effect is once again related to the Le

Chatelier’s principle, because during GSR the total number of moles varies (Eq.
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(3.1.1)). Therefore, when higher pressures are applied, the thermodynamic
equilibrium will be shifted towards the production of a lower total number of
moles. However, once the glycerol conversion was complete for all the range of
pressures used, the decrease of the hydrogen yield cannot be associated to
GSR. Instead, it is associated to the enhancement of the methanation reaction
(Eqg. (3.1.4)), which consumes hydrogen and yields methane. As already stated,
this is not valid for very high hydrogen removal fractions, where there is no
methane. While at 1 atm, and considering fco, = 0.99 and fy, = 0.80, the
hydrogen and methane yields were 6.92 and 0.02, respectively, at 5 atm the

hydrogen yield decreased to 6.06 and the methane one increased to 0.23.

Fig. 3.1.7 - Effect of pressure and hydrogen removal fraction on the yield of (a) hydrogen
and (b) methane at 700 K, WGFR of 9 and carbon dioxide removal fraction of 0.99 in a
SEMR.

In terms of carbon dioxide, its yield varies with pressure in a very similar
way as hydrogen does (data not shown), for the reasons already mentioned. The
production of carbon monoxide was once again negligible. Also, both RWGS
(reverse of Eq. (3.1.3)) and methanation (Eq. (3.1.4)) control the process for all
the range of pressures analyzed, except when the formation of methane is
completely inhibited. In this last case, WGS is the only relevant reaction.

Regarding the effect of the hydrogen removal fraction, analogously to the
previous cases, the hydrogen yield is favoured by increasing hydrogen

removals, while methane suffers an opposite effect. The higher enhancement of
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the hydrogen yield is observed at the less thermodynamically favorable pressure
(5 atm). It is, nonetheless, important to mention that the approach used here
ignores the effect of pressure on the removal of both carbon dioxide and
hydrogen, as well as in the reaction kinetics. It is known that pressure influences
the driving force for carbon dioxide sorption and for hydrogen permeation
through a hydrogen permselective membrane. Thus, higher pressures lead to
higher carbon dioxide and hydrogen removal fractions, meaning that if high
pressures are used in the SEMR, high hydrogen removals are attained and
inherently higher hydrogen yields. Moreover, in the case of f¢o, =0.99 and f, =
0.80, when the pressure increases from 1 to 5 atm, the hydrogen vyield at
equilibrium decreases much less than for lower hydrogen removals, namely for

fn, = 0 (SER). Consequently, the use of high pressures becomes advantageous

after all due to the membrane effect.

3.1.3.2.4 Coke formation

The formation of coke was target of investigation as well, since it is an
undesired product that may affect the performance of the catalyst, sorbent and
membrane during actual operation of the SEMR. It was observed that the
formation of coke in the TR increases with the decrease of temperature (and so
a higher WGFR would be required to completely avoid coke formation) during
GSR, however at 600 K and 1 atm a WGFR of 4 is high enough to completely
avoid coke formation. When carbon dioxide or hydrogen were removed from the
reaction medium, opposite effects were observed. While the formation of coke
decreases comparatively to the TR when carbon dioxide is removed from the
reaction medium, when hydrogen is removed more coke is produced. For a
carbon dioxide removal of 99%, a WGFR of 1 is enough to completely avoid
coke formation at temperatures between 600 and 800 K and 1 atm. On the other
hand, when 99% of hydrogen is removed, a WGFR of 4.5 is necessary to avoid

carbon formation in the same temperature range and atmospheric pressure.
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Therefore, it allows us to conclude that most of coke is formed from methane
through the reaction in Eq. (3.1.8) (the low WGFRs allow the formation of
methane, even at hydrogen and carbon dioxide removals of 99%), being that the
reactions in Egs. (3.1.7), (3.1.9) and (3.1.10) are not compatible with the
observed behavior and so they can be neglected.

It is therefore expected that when both products are removed from the
reaction medium in the SEMR, an equilibrium between both opposite effects is
reached. That was in fact observed, being that at f;,, = 0.99 and f;, = 0.80 a
WGFR of 2.5 was enough to completely inhibit coke formation for all the range
of temperatures and pressures tested. Even for a removal of 99% of both
products, the stoichiometric WGFR of 3 was sufficient to avoid coke formation in
all the temperature and pressure range. Therefore, it would be possible, from
the thermodynamic point of view, to operate a SEMR for GSR under the
temperature, WGFR and pressure ranges analyzed in this study without having

any problems with coke formation.

3.1.4 Conclusions

A thermodynamic analysis was carried out on the GSR for hydrogen
production in a SEMR with in situ hydrogen and carbon dioxide simultaneous
removal. At 800 K, WGFR of 9, 1 atm and f;,, = 0.99 and fy, = 0.80, the
hydrogen yield was 7 (maximum possible value). Regarding methane and
carbon monoxide, no considerable production was observed under such
conditions. Even though the SEMR presents higher hydrogen production than
the SER and the MR and much higher hydrogen production than the TR, the
difference is not very significative at higher temperatures compared to the two
first configurations. However, this difference becomes much more meaningful

with the decrease of temperature. At 600 K, a hydrogen production of 5 mol -
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MOl gy verted glycerol Was observed in the SEMR with f¢o, = 0.99 and f;;, = 0.80,

while hydrogen productions of 1.83 and 2.62 mol - mol gpyerted glycerol Were

obtained in the SER and MR with the same removals, respectively. Therefore
the advantages of the SEMR are more noticeable at lower temperatures and so,
this new hybrid reactor configuration can be seen as a possible solution to lower
the high operating temperatures necessary for the endothermic GSR. However,
a proper judgement has to be done, because at lower temperatures longer
reactors and longer and/or more permeable membranes would be necessary to
compensate the decreased reaction kinetics and permeation rate.

In terms of WGFR and pressure effects, it is clear, from thermodynamic
point of view, that higher WGFRs and lower pressures favor the production of
hydrogen in the SEMR. Finnaly, it was observed that no coke was formed at
WGFRs higher than 3.

Notation and Glossary

List of acronyms

GSR Glycerol Steam Reforming

MR Membrane Reactor

RWGS Reverse Water-Gas-Shift

SER Sorption-Enhanced Reactor

SEMR Sorption-Enhanced Membrane Reactor
SRM Steam Reforming of Methane

TR Traditional Reactor

WGFR Molar Water/Glycerol Feed Ratio

WGS Water-Gas Shift
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3.2 Steam Reforming of Glycerol for Hydrogen
Production - Modeling Study

A packed bed reactor model for glycerol steam reforming was
validated.

o Model predicts both glycerol consumption and products/by-

products formation.

e A parametric analysis was carried out for a wide range of
conditions.

e A maximum H, production of 4.93 mol-molryy giyceror Was

reached.
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A phenomenological model that predicts the operation of a packed
bed reactor for glycerol steam reforming (GSR), in terms of glycerol
conversion and products generation (first time to our knowledge),
especially H,, was built and used to perform a parametric analysis
(range of conditions: 748-848 K, molar water/glycerol feed ratios
(WGFRs) of 3-12 and 1-5 atm). First, the model was validated in terms
of glycerol conversion, products yields and selectivities, having been
observed very good agreement. Regarding the parametric study, higher
temperatures, WGFRs and pressures were found to be more beneficial
in terms of glycerol conversion. Moreover, the H, yield and selectivity
are enhanced when higher temperatures and lower WGFRs and
pressures are employed. Still, the maximum Hz amount of 4.93 mol -

molf‘eld glyceror Was observed at 848 K, WGFR of 9 and 2 atm.

The contents of this chapter were adapted from: Silva, J.M., M.A. Soria, and L.M.
Madeira, Steam reforming of glycerol for hydrogen production: Modeling study.
International Journal of Hydrogen Energy, 2016, 41(3), 1408-1418.
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3.2.1 Introduction

Nowadays hydrogen is seen by many authors as the energy carrier of the
future due to its potential to fulfill many of our society needs without ignoring
some of the environmental problems that fossil fuels, the main energy carriers
of the present, cannot avoid. Therefore, several distinct processes for hydrogen
production have been researched. While during the last century the focus was
manly on using fossil fuels-based feedstock (e.g.: natural gas), in the last
decades the interest has shifted towards cleaner raw materials such as
methanol, ethanol and glycerol, among others. Glyceral, in particular, can be
produced as a by-product during the biodiesel production process and converted
into hydrogen through steam reforming (Eq. (3.2.1)).

C3HgOs3 + 3H,0 —» 7H>+3C0,  (4HZ°8K =128 kJ-mol?) (3.2.1)

However, the formation of secondary products of a more complex
mechanism than Eg. (3.2.1), such as CO and CH., must be considered as well,
according to some works reported in the literature regarding glycerol steam
reforming (GSR) [1-4]. The use of glycerol as feedstock would prove itself
advantageous compared to methanol or ethanol since it would decrease its
disposal and associated costs, thus valorizing biodiesel.

Even though there has been done a huge amount of work regarding the
search of GSR catalysts and there are several thermodynamic assessments that
have been done [5], phenomenological models that allow describing the GSR
reaction system in packed bed reactors, for example, are still too few. To the
best of our knowledge there are only a couple of works where such models are
reported [6-8]. Even though all these are 2D models that allow consequently to
do an interesting analysis of the several variables profiles (e.g. contours over the
2D domain [8]), they only predict the consumption of glycerol. There is one work

in which the generation of products (and by-products) is predicted; however, it
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is for the sorption-enhanced GSR process and assumes theoretical yields [9],
which is not realistic for conditions far from those employed by the authors. With
the aim of covering up this hole, a phenomenological model capable of predicting
accurately the real operation of a GSR packed bed reactor in terms of
consumption of glycerol and production of the main products (H. and CO;) and
by-products (CO and CH,), based on actual individual products generation
kinetics, has been developed and will be target of analysis here. First a critical
comparison between the model's predictions and the experimental results
obtained by Cheng et al. [10] for a Co-Ni/Al,O3 catalyst is done, being then
followed by a parametric analysis considering different temperatures (748-848
K), molar water/glycerol feed ratios (WGFRs) (3-12) and pressures (1-5 atm).

3.2.2 Phenomenological model

3.2.21 Model and governing equations

The pseudo-homogeneous model here proposed for describing the GSR
reaction in a packed bed reactor considers the following assumptions:
e Steady state;
e Axially dispersed plug flow;
¢ Non-isothermal operation;
e Pressure drop along the bed described by the Ergun equation;
e Non-constant velocity along the bed,;
o Ideal gas behavior.
The governing equations used to simulate such system are the following,
being composed by 7 differential equations (one for each species - partial mass

balances), 1 differential equation for the total mass balance (required due to the
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non-constant velocity along the reactor bed), as well as 2 other differential

equations to obtain temperature and total pressure profiles:

Partial mass balance

dzCi L d(usci) + VVcatL2
Y dx? g dx Vrep

R, =0 (3.2.2)

Total mass balance

d(usC) _ WcathR' -0
dx Vg : (3.2.3)

i
Energy balance

d°T _ usprCpsLdl  Weael? h1?
- ’ —AH;)R;) — 2 T—T,)=0
dx? Aax ax Vedax £ (( 1) l) Rolax( w) (3.2.4)
2

Momentum balance

dp 1—¢&,)%L 1—¢gp)L
—+ 150(3#% + 1.75(3ﬂu52 =0 (3.2.5)
dx g dp & dy

Since both partial mass balance and energy balance are second order
differential equations, then two boundary conditions are required for each. The

following boundary conditions were used:

x =0: Ci = Ci,in , T = Tin , Ug = uslin , P = Pi (3.2.6)
aci _ o 4T _
x=1: P 0, P 0 (3.2.7)
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where C; is the molar concentration of compound i (i = C3HgOs, H20, Hz, CO,,
CO, CHs and Ar), x is the dimensionless axial coordinate, D, is the mass axial
dispersion coefficient, L is the reactor length, u is the superficial velocity, W,,;
is the mass of catalyst in the reactor bed, Vj is the volume of the reactor bed
(W,qt/ Vg is the bulk density, o), €, is the void fraction of the catalyst bed and R;
is the consumption/formation rate of component i. C is the total concentration of
species, T is the bed temperature, py is the gas mixture density, C, r is the gas
mixture heat capacity, 14, is the heat axial dispersion coefficient, AHy; is the
heat of formation of species i, h is the convective wall-fluid heat transfer
coefficient, R, is the reactor inner radius, T,, is the reactor wall temperature, P is
the total reactor pressure, uy is the gas mixture viscosity and d,, is the catalyst
particles diameter.

The void fraction of the catalyst bed was estimated with Eq. (3.2.8) [11]:

A

= ——=5+8B 3.2.8
(2Ry/d,) (3.2.8)

€p

where A =1.5, B=0.35 and n =1 assuming that the catalyst particles are
lumps of irregular shape.

Regarding the mass axial dispersion, it was calculated using the Edwards

and Richardson correlation [12]:

0.5usd,

Doy = 0-73DC3H803,mix +

1+ 9.49 DC3H803,mix (3-2-9)

usd,
where D¢, 0, mix 1S the molecular diffusivity of glycerol in the reaction mixture,
which can be estimated using the Wilke method [13]:
1- Yc3Hg04

De. by0,mix = n—y]- (3.2.10)
=1 DC3H803,]'
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being j # C3HgO05 and D¢,y 0, ; the binary diffusivity of glycerol when diffusing

into species j. In order to calculate this last parameter the Fuller method [14]

was used:
0.5
0.10137175 (M 1 +Mi)
D o C3HgO3 J (3.2.11)
C3HgO03,j — 1/3 1/3 2
PlEw” +@wv}”|

where Y v is the sum of the atomic diffusion volumes for each component (taken
from [14]) and M; is the molar mass of species i (in this case expressed in g-mol
1),

In terms of heat axial dispersion coefficient, it was calculated using the
Wakao and Funazkri correlation [15]:

Aax = 71}: + 0.5pfusdep'f (3212)

where A is the thermal conductivity of the gas mixture, calculated as detailed

below. Both mass and heat axial dispersion coefficients were calculated at the
inlet conditions in order to simplify the calculations and since no significant
variation was observed along the bed.

The gas mixture density was calculated locally through Eq. (3.2.13):

n
P
i=1

where R is the ideal gases constant and y; is the molar fraction of species i.
Similarly, the viscosity of the gas mixture was calculated locally with the Wilke
method [13]:

YVili
3.2.14
ZZ 1y]¢)l] ( )
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being y; the viscosity of species i that is calculated using a polynomial equation
(Eg. (3.2.15)) [16], except for Ar whose viscosity was calculated through
Sutherland’s equation (Eq. (3.2.16)) [17]:

u; =A+ BT + CT? (3.2.15)
3/2

e GT (3.2.16)
T+S

where A, B and C are constants that present specific values for each gas (taken
from Ref. [16]), while C; and S are the Sutherlands constants for gas i (C; =
2.08 x 107¢ kg (ms K°%)~tand S = 191 K for Ar). Parameter ¢;; is calculated
with Eq. (3.2.17) [13]:

-0.5 0.5 -0.2572
¢ij = [8 <1 + %)] [1 + <f7‘> (%) ] (3.2.17)
j J J

where j # i. Similarly to the axial dispersion coefficients, the mass heat capacity

of the gas mixture was calculated at feed conditions for the same reasons:

n
=1 YiCpi

C, = (3.2.18)
2 Z?:lyiMl‘

where C, ; is the molar heat capacity of species i and can be calculated with Eq.
(3.2.19) [16]:

Cpi = A+ BT +CT?+ DT>+ ET* (3.2.19)

being A, B, C, D and E constants that present specific values for each gas (taken
from Ref. [16]).
The convective wall-fluid heat transfer coefficient was calculated using

Leva’s correlation [18]:
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1 d u 0.9
h = 0.813 <_f> <M> e~6dp/(2Ro) (3.2.20)
2Rg Hf

Ay was calculated using the Wassiljewa method [13]:

3.2.21
ZZ] 1}’1 ij ( )

where 4; is the thermal conductivity of species i and was obtained through the

correlation proposed by Eucken [13]:

Cp
= — 2.22
A= (1 25M + M, ) 3 )

The parameter 4;; was obtained by the method of Lindsay and Bromley

[14]:

2

1/2
1 MN*/* (T +s; T +s;
Ay =541+ al ( ) *Si (—S") (3.2.23)
4 [,l] M T + Sj T + Si
where s;; is obtained from Eq. (3.2.24):
Sij =F 5i5j (3224)

where F is a constant that takes the value of 1 except when either of both
components i and j are very polar (F = 0.73). s; ; is @ component temperature
based parameter that takes the value of 79 K for H> and is expressed by Eq.

(3.2.25) for the other components:

S j = 1'5Tbi,j (3225)
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being that T}, ; is the normal boiling temperature of component i or j (taken from
Refs. [19, 20)).

3.2.2.2 Kinetics

An extensive literature review on GSR kinetics has been done. Most of the
found kinetics are of the power-law type [3, 4, 6, 21-25] and refer to the glycerol
consumption rather than to each of the reactions that normally take part in the
GSR process (glycerol thermal decomposition, water-gas shift and methanation
of carbon monoxide) or to each of the products that are formed (H2, CO2, CO
and CH.). More complex Kkinetics that take into consideration adsorption
constants for glycerol and steam (of the Langmuir-Hinshelwood type) or several
kinetic constants corresponding to several elementary steps of the GSR process
were found as well [3, 10, 23]. However, and once again, they refer only to
glycerol consumption. Therefore, in order to describe the GSR process, the
power-law-type kinetics (Eq. (3.2.26)) proposed by Cheng et al. [10] for a Co-
Ni/Al,O3 catalyst with estimated parameters not only for the consumption of

glycerol but also for the generation of H,, CO2, CO and CH4 was used:

R; = (Vi)Ae‘E“/RTnggogPZzzoAmetal surface (3.2.26)

being that v; takes the values of +1, depending on if species i is being consumed
(-1) or produced (+1). A is the pre-exponential factor, E, stands for the activation
energy, f and y are the partial reaction orders for glycerol and steam,
respectively, and Ayetqr surrace iS the catalyst’'s metal surface area. The values
for the kinetic parameters estimated by Cheng et al. [10] are presented in Table
3.2.1.
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Table 3.2.1 - Kinetic parameters for the species consumption/formation [10].

Species A/ mol-m2s1-kPaif+v) E, ! kJ-mol? B y

C3HsOs 0.036 63.30 0.253 0.358
H2 0.468 67.28 0.253 0.274
CO2 0.074 64.06 0.281 0.403
CO 0.062 61.73 0.308 -0.065
CHa 0.555 100.90 0.601 0.393

The metal surface area of the catalyst is 740 m? - kg_ ~'. Since no kinetic

parameters were presented for steam, its kinetics was estimated so that the error

associated to the mass balance is very small ( < 3%).

3.2.2.3 Numerical solution

The set of ordinary differential and algebraic equations previously

described was solved using the bvp4c function of MATLAB software, a finite

difference code which implements the three-stage Lobatto Illa formula. The

solutions were obtained at 200 equally spaced points along the column length

and a value of 10°®° was considered for both absolute and relative tolerances.
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3.2.3 Results and discussion

3.2.3.1 Reaction metrics

The reactor performance was evaluated in terms of glycerol conversion
(Eq. (3.2.27)), products yields (Eqg. (3.2.28)) and selectivities (Eq. (3.2.29)):
_ FC3H803,in - FC3H803,0ut

Xg = x 100 (3.2.27)
FC3H803,in

Fi,out

}/i_

= (3.2.28)
FC3H803,in - FC3H803,out

Fi,out

S; x 100 (3.2.29)

- Fr, out + Fcoyout + Feoout + Fenyout
where F; is the molar flux of species i; in stands for the reactor inlet while out
stands for the reactor outlet. The experimental conversions obtained by Cheng
et al. [10] were calculated based on the conversion into gaseous products. On
the other hand, no further kinetics besides those shown in Table 3.2.1 were
used. Therefore, neither liquid nor solid - e.g. coke - products formation is
considered herein. Even though other definitions of selectivity are often used in
the literature, the one of Eq. (3.2.29) is here adopted in order to match the one
used by Cheng et al. [10]. It should be stressed that, according to this definition,
even when no by-products are formed, CO; is always produced along with Ho.
Thus, the maximum selectivities for the desired products are 70% and 30% for

H2> and COg, respectively.

3.2.3.2 Model validation

Before being used to perform a parametric analysis, the model must be

validated so that we are sure that its outputs in terms of glycerol conversion and
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products yields and selectivities are trustable. In Fig. 3.2.1 it is presented the
comparison between the model predictions and the experimental results
obtained by Cheng et al. [10] (results shown refer to different operating
conditions, in the ranges 773-823 K, WGFRs between 3.4-11.9 and atmospheric
pressure) for (a) the conversion of glycerol, (b) yields and (c) selectivities

towards the different species.
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Fig. 3.2.1 - Parity plots for (a) glycerol conversion, (b) products yields and (c) selectivities
for temperatures between 773 and 823 K, WGFRs between 3.4 and 11.9 and
atmospheric pressure. Experimental yields and selectivities taken from Ref. [10], while
conversion values were kindly provided by Doctor Chin Kui Cheng.

The parity plots show that there is in fact very good agreement between
the model predictions and the experimental results, particularly for selectivites.
It is also worth to notice that relatively high H> (and also CO; yields) were

reached, although below the maximum theoretical value of 7 (cf. Eq. (3.2.1)).
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Moreover, very low CO and CH, yields and selectivites are observed, which are

desirable.

3.2.3.3 Profiles along the reactor bed

For the parametric study, a packed bed reactor with the characteristics
presented in Table 3.2.2 was used (most of them similar to those used
elsewhere [10]).

Table 3.2.2 - Parameters used during the simulations.

Parameter Value Units
L 0.12 m
R, 5 x 103 m
dy 1.40 x 104 m
Weoar 5 x 104 kg
Gas hourly space velocity 9000 Ly (kgeath)™t
Ye3HgO03, 1" 0.05
YH,0,in 0.15-0.60

a Balanced with Argon.

Before going into the parametric analysis, it is important to understand how
the species molar fractions and temperature vary along the packed bed length.
For this the profiles obtained at 798 K, WGFR of 9 and 1 atm are presented in
Fig. 3.2.2.
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Fig. 3.2.2 - Simulated profiles of (a) molar fractions of CsHgOs, Hz, CO2, CO and CHa4
(dry basis and without carrier gas) and (b) temperature along the dimensionless length
of the reactor bed at 798 K, WGFR of 9 and 1 atm.

Regarding the concentration profiles in Fig. 3.2.2 (a), it can be observed
the existence of 2 distinct regions. In the first 10-15% of the reactor a rapid
decrease of the glycerol concentration as well as a fast enhancement of the
concentrations of particularly H, and CO; are observed. This happens because
of the initial high glycerol and steam partial pressures and high temperature that
result in a fast GSR kinetics. In the second region the concentrations of glycerol,

H, and CO vary much more slowly and start stabilizing due to the much smaller
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partial pressures of glycerol and steam and the already diminished temperature.
For CO and CHa this effect is much smaller since both present very small
concentrations, especially CH,4 due to the low methanation selectivity of the Co-
Ni/Al,O3 catalyst.

In terms of temperature profile, it can be seen that its shape is very similar
to that normally observed in adiabatic reactors [18, 26]. However, the model here
described takes into consideration the existence of heat transfer from the reactor
wall (considered to be at the same temperature as the oven which on its side is
considered to be equal to the inlet temperature) to the reaction mixture, which is
at a lower temperature than the wall due to the endothermicity of the GSR
reaction. Therefore, a non-adiabatic profile would be expectable. Nevertheless,
it has been observed that the wall-fluid heat transfer coefficient obtained from
Eq. (3.2.20) is very small and so heat transfer from the reactor wall to the
reaction mixture only occurs up to a very limited extent.

Regarding total pressure, it presented a linear decrease along the bed
length, as expected, being that an average pressure drop of approximately 12
kPa (~12%) was obtained.

3.2.3.4 Parametric analysis

In order to understand how the performance of a catalytic packed bed
reactor for GSR can be enhanced, the effect of several operating conditions like
temperature, WGFR and pressure was analyzed. In the parametric analysis, the
ranges considered for temperature and partial pressures of the reactants in the
reactor feed were slightly increased as compared to those used in the model
validation. It was verified for all the range of simulated conditions that the glycerol
conversion in the thermodynamic equilibrium (calculated with Aspen Plus
software) was always higher or equal to the actual conversion obtained with the

phenomenological model.
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The first parameters to be target of analysis were temperature (748-848
K) and WGFR (3-12). The effect of both variables on the conversion of glycerol
is presented in Fig. 3.2.3.
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Fig. 3.2.3 - Effect of both temperature and WGFR on the conversion of glycerol at 1 atm.

Regarding temperature, it is clear that its increase at constant WGFR
benefits the conversion of glycerol. This happens due to the enhancement of the
reaction kinetics according to Eq. (3.2.26). It has also been verified that the
increment in terms of glycerol conversion caused by the increase of temperature
increases as the WGFR becomes higher, achieving a maximum absolute
increment of approximately 44% when the temperature is increased from 748 K
up to 848 K at WGFR of 12. Regarding the WGFR, its increase at constant
temperature also results in an enhancement of the glycerol conversion. This
happens because by increasing the amount of steam in the reaction mixture the
glycerol consumption kinetics is enhanced since y > 0 in Eq. (3.2.26). Also, it
has been observed that the increment in terms of glycerol conversion caused by
the increase of the amount of steam at constant temperature slightly increases
as the WGFR gets close to 9. On the other hand, when it is varied from 9 to 12,

this increment decreases slightly. This happens because the reaction rate
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becomes approximately zero-order for water due to its excessive amount in the
reaction media.

In terms of the products, their generation was evaluated in terms of yield
and selectivity. The effect of both temperature and WGFR on the yields of Ho,
COg;, CO and CHy is presented in Fig. 3.2.4.

(b)

2.22

Fig. 3.2.4 - Effect of both temperature and WGFR on the yield of (a) Hz, (b) CO2, (c) CO
and (d) CHsat 1 atm.

By analyzing Fig. 3.2.4 (a) it can be seen that the yield of H is positively
influenced by the increase of temperature at constant WGFR. This happens
because of the highly accelerated kinetics of H. formation at higher
temperatures, according to Eq. (3.2.26). In other words, when the temperature
is increased from 748 K up to 848 K, the rate of formation of H; increases more
than the rate of consumption of glycerol and so higher H; yields are observed.
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This is exclusively related to the difference between the values of activation
energy presented in Table 3.2.1 for glycerol and H,. Regarding the WGFR, its
increase leads to a decrease of the H; yield. This means that when the steam
content in the reaction mixture is increased the formation rate of H, increases
less than the consumption rate of glycerol. This happens because the partial
order of steam for the consumption of glycerol is higher than that for the
production of H,, as can be seen in Table 3.2.1. Regarding CO., it is observed
that temperature has almost no effect on its yield. This is most probably due to
the very close activation energy values presented in Table 3.2.1 for glycerol and
COq. In terms of WGFR, a much more pronounced effect is observed as
increasing WGFRs lead to the enhancement of the CO; yield. This is explained
by the higher partial order of steam for the rate of CO, formation (0.403) than for
the rate of glycerol consumption (0.358).

Concerning CO, Fig. 3.2.4 (c) shows that temperature has almost no effect
on its yield at higher WGFRs. This is due to the very close activation energies of
glycerol consumption and CO formation. However, at lower WGFRs a more
pronounced effect of temperature is observed, being that the yield of CO
increases with temperature, contrarily to what was expected based on the
slightly lower activation energy of CO. In fact it was noticed that the decrease of
both glycerol and steam partial pressures along the packed bed have a decisive
role here. For a WGFR of 3, it was observed that the individual effect of
increasing the inlet temperature from 748 K up to 848 K (assuming constant the
glycerol and water partial pressures, and equal to the feed ones) led to an
enhancement of the instantaneous CO yield (assessed based on reaction rates)
of only 3%. On the other hand, when the individual effect of the reactants
pressures decrease along the reactor bed for 748 K and 848K (Appendix B, Fig.
B.1) was evaluated (assuming constant temperature, and equal to the feed one),
an increase of the instantaneous CO yield from the inlet to the outlet reactor

conditions of 53% and 22% was observed at 848 K and 748 K, respectively. This
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happens because at 848 K the decrease of both glycerol and steam pressures
is more pronounced, being that steam has an even more important role than
glycerol here since its partial order for both glycerol and CO kinetics are very
different (Table 3.2.1). The difference in terms of instantaneous CO yield
enhancement is responsible for its overall increase when temperature is raised
from 748 K up to 848 K (Fig. 3.2.4 (c)). Moreover, at a WGFR of 12 the same
evaluation (Appendix B, Fig. B.1) led to a much smaller difference between 748
K and 848 K in terms of instantaneous CO yield enhancement along the reactor
(7.9% and 8.7% at 848 K and 748 K, respectively). This much smaller difference
is due to the much higher glycerol partial pressure relative reduction along the
bed comparatively to the steam partial pressure reduction, which leads to a more
emphasized negative effect of glycerol partial pressure decrease and a less
important positive effect of steam partial pressure decline on the CO kinetics.
Consequently there is almost no variation of the CO yield with temperature at
WGFR of 12 (Fig. 3.2.4 (c)). Regarding the effect of the WGFR, it is clear that
the decrease of the CO yield caused by the increase of the steam content shown
in Fig. 3.2.4 (c) is related to the negative partial order of steam for the rate of CO
formation.

Finally, in terms of CH, yield, the increase of temperature led to its big
enhancement, as can be seen in Fig. 3.2.4 (d). This is due to the much higher
activation energy for CH4 formation. As for the WGFR, it presented almost no
effect on the CH, yield (variation of 0.005 at 848 K), because y is very similar for
methane and glycerol.

The effect of both temperature and WGFR on the products selectivities
was analyzed as well and is presented in Fig. 3.2.5 (a) and (b), respectively. As
can be seen in Fig. 3.2.5 (a), while both H, and CH, selectivities increase with
temperature, the selectivities of CO, and CO decrease. This is related to the
respective activation energies for the rate of formation of each component, being

that H, and CHa present higher activation energies than CO; and CO.
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Fig. 3.2.5 - Effect of (a) temperature (WGFR =9 and 1 atm) and (b) WGFR (798 K and
1 atm) on the selectivities of H2, CO2, CO and CHa.

Also, since the activation energy for CH4 formation is much higher than that for
Ho, its selectivity suffers a much more pronounced relative increase (55%), while
H. selectivity only suffers a slight relative increase (2.4%). On the other hand,
since the activation energies for CO and CO; are very similar, both suffer very
similar variations. Regarding the effect of WGFR (Fig. 3.2.5 (b)), while both CO:
and CHj selectivities increase with the steam content, the selectivities of H, and
CO show the opposite trend. This is due to the higher steam partial orders for

the formation of both CO, and CHa or, for the case of CO, due to the negative
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steam partial order, which results in a highly pronounced relative decrease of
the CO selectivity (42%). On the other hand, the selectivity of H2 only suffers a
relative decrease of 1.2%. Also, since the steam partial order for CO; formation
is higher than that for CH4 formation, its selectivity enhancement caused by the
increase of the steam content is also higher (21% and 8%, respectively). It is
finally worth highlighting the completely different selectivities, with average
values of 64.6% for Hz, 26.7% for CO,, and far lower for CO (7.9%) and
particularly CHa4 (0.8%), which were obtained.

By analyzing Fig. 3.2.6 it is possible to conclude that one benefits from the
use of higher temperatures and WGFRs when intending to achieve higher H-

production (Fy, out/Falycerolin), D€ING that at atmospheric pressure a maximum
H. production of 4.66 mol - molg} glycerol 10 the reactor was observed at 848 K

and WGFR of 12.
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Fig. 3.2.6 - Effect of both temperature and WGFR on the amount of hydrogen produced
per glycerol fed to the reactor at 1 atm.

The last parameter to be analyzed was the operating pressure. The effect
of varying the operating pressure between 1 and 5 atm on the glycerol

conversion at different temperatures and WGFR of 9 is presented in Fig. 3.2.7.
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Fig. 3.2.7 - Effect of pressure on the conversion of glycerol at different temperatures and
WGFR of 9.

It is possible to observe that higher pressures enhance the conversion of
glycerol. This is explained by the positive values of the partial orders of glycerol
and steam in its consumption rate ( and y are both > 0). Moreover, even though
increasing pressures have a more pronounced effect on glycerol conversion at
lower temperatures (748-773 K), only at higher temperatures the glycerol
conversion gets close and even reaches 100%. At 848 K, a pressure of 2 atm
was observed to be already enough to allow glycerol to be completely converted.

A similar analysis was done for the products yields. Such effects are
presented in Fig. 3.2.8. It can be seen in Fig. 3.2.8 (a) that as the pressure
increases, at constant temperature, the yield of H, becomes lower. This happens
because the same increase of pressure increases the glycerol consumption rate
more than it increases the H, production rate, according to the respective partial
orders presented in Table 3.2.1. Also, at higher temperatures such negative
effect of the total pressure on hydrogen yield is less pronounced. It has also
been observed that the initial temperature decrease along the reactor is more
pronounced with increasing total pressure/glycerol conversions (Appendix B,

Fig. B.2). However, after conversion of glycerol has reached completion, this
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variation stops, as shown in Fig. B.2 (a) (Appendix B), leading to a higher
average temperature in the reactor. This benefits slightly more the H; than the
glycerol kinetics due to the higher H, formation activation energy, and that is why
the H, yield does not decrease so much at higher temperatures. At lower
temperatures this is not important because glycerol conversion never reaches
completion, and so average reactor temperature is smaller for higher pressures
(Appendix B, Fig. B.2 (b)).

(@)
52

Fig. 3.2.8 - Effect of pressure on the yield of H> at different temperatures and WGFR of
9.

Regarding COg, higher pressures enhance its yield because of the higher
glycerol and steam partial orders of CO. formation compared to glycerol kinetics.
Also, it must be remarked that even though an apparent increase of the CO
yield with temperature at 5 atm is observed, it is almost negligible - < 0.03. As
for CO, its yield is decreased when higher pressures are employed, as can be
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seen in Fig. 3.2.8 (c), due to the negative partial order of steam for CO kinetics.
Regarding CHi4, higher pressures exercise a positive effect on its vyield,
especially at higher temperatures. This once again occurs because of the higher
partial orders of CH, formation compared to those of glycerol consumption. Also,
the methane kinetics benefits much more than glycerol kinetics from the already
mentioned progressively lower decrease of temperature in the reactor after the
glycerol conversion is complete (higher temperatures and pressures) (Appendix
B, Fig. B.2), due to its much higher activation energy. Therefore, CH4 yield
presents a considerably higher increase with pressure at higher temperatures.
A similar analysis was also done for the products selectivities as well,

being that their variation with pressure at 798 K and WGFR of 9 is presented in
Fig. 3.2.9.
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Fig. 3.2.9 - Effect of pressure on the selectivities of Hz, CO2, CO and CH4 at 798 K and
WGFR of 9.

Regarding H2 and CO, their selectivities decrease when higher pressures
are employed due to their lower partial orders with respect to glycerol and steam
compared to those for CO, and CH4 (Table 3.2.1); this is particularly evident for
CO due to its negative partial order for steam. Also, CH4 selectivity increases

much more than CO; selectivity due to its much higher glycerol partial order.
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Finally, in terms of H, production, it can be seen in Fig. 3.2.10 that pressure
positively affects the amount of hydrogen produced per glycerol fed to the
reactor up to a certain point, being that afterwards it has a negative impact
(mainly at higher temperatures). This happens since after glycerol conversion
reaches 100% (Fig. 3.2.7), the selectivity towards H: production keeps
decreasing. Ultimately, a maximum H, production of 4.93 mol - molf‘e}11 glycerol Was
observed at 848 K, WGFR of 9 and 2 atm. In a recent work, Ebshish et al. [27]
used response surface methodology to optimize process conditions through a
non-phenomenological statistical approach (multiple regression analysis). In
such study the ranges of conditions employed were similar to those reported by
us. Ebshish et al. [27] have got to maximum experimental conversion of glycerol

and H, production of 75% and 4.03 mol - molgy glycerol, €Spectively, at 873 K,

WGFR of 12 and atmospheric pressure while using a Ni/Al,O catalyst.
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Fig. 3.2.10 - Effect of pressure on the amount of hydrogen produced per glycerol fed to
the reactor at different temperatures and WGFR of 9.
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3.2.4 Conclusions

The developed phenomenological model that describes the GSR reaction
in a packed bed reactor, developed for the first time for predicting both glycerol
consumption and products/by-products formation, presented quite good
adherence with the experimental results. A parametric analysis was also
performed, being that it was ultimately concluded that higher temperatures,
higher WGFRs and higher pressures are more advantageous in terms of glycerol

conversion and H. production (mol - molgy glycerol): EvEN though higher WGFRs

and pressures lead to lower H: yields and selectivities, its absolute production
(produced flow rate) is increased until the total glycerol conversion reaches
completion. After that, subsequent increments of these variables will decrease
the absolute H, production due to their less positive effect on the H: kinetics
compared to the other kinetics (except CO). Therefore, maximum H; production
of 4.93 mol - molgg g1ycerol WS Observed at 848 K, WGFR of 9 and 2 atm. It is
nonetheless necessary to remark that higher temperatures, WGFRs and
pressures mean higher operation costs and so, alternatives that would allow the
use of milder conditions without losing process efficiency, like membrane

reactors or sorption-enhanced reactors, would be most welcome.

Notation and Glossary

A Kinetics pre-exponential factor mol - (m? - s - kpa(B+V))_1
" Dimensionless parameter for the mixture
Y of i and j
Ametar surrace  Metal surface area of the catalyst m2 - kgea -
c Total concentration of species mol - m~3
C; Molar concentration of compound i mol - m~3
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Cpi Molar heat capacity of species i ]+ (mol-K)~?

Cor Mass heat capacity of gas mixture ] (kg-K)!

C; Sutherland constant kg- (m-s-K%5)~1
Dy Mass axial dispersion coefficient m?-s71

Binary diffusivity of C;Hg0; when
De;hg0s,i e . m? -
diffusing into species j

Molecular diffusivity of C;HgO4 in the
DC3H803,mix ) X m- -
reaction mixture

d, Catalyst particles diameter m

E, Activation energy J - mol~?

F Dimensionless parameter

F; Molar flux of species i mol - (m? -s)~?!
Dimensionless parameter of steam

g N
kinetics
Convective wall-fluid heat transfer

h o W-(m? -K)~!
coefficient

L Reactor length m

M; Molar mass of species i mol - kg ™!

P Reactor total pressure Pa

Partial pressure of component i =
Di kPa
C3Hg05; and H,0

R Ideal gas constant ]+ (K-mol)~?!
Consumption/formation rate of

R; mol - (kgcat - s)7!
Component [

Ry Reactor inner radius m
S Sutherland temperature K
S; Selectivity of species i
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Greek letters
B
AHg
€p

bij

Temperature based parameter for

component i

Bed absolute temperature

Normal boiling point of species i

Reference temperature for species i in

Sutherland’s equation

Reactor wall absolute temperature
Superficial velocity of the gas mixture
Volume of the reactor bed

Mass of catalyst in the reactor bed
Dimensionless axial coordinate
Conversion of C3Hg 04

Yield of species i

Molar fraction of species i

Partial reaction order for C;HgO4
Heat of formation of species i

Void fraction of the catalyst bed

Dimensionless parameter for the mixture

of i and j

Partial reaction order for H,0
Heat axial dispersion coefficient
Thermal conductivity of species i

Thermal conductivity for the gas mixture

]-mol™?!

3 . ..-3
Myoiq * Mpeq

W-(mK)?
W-(mK)?

W-(mK)™?!
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Py Gas mixture density kg-m™3
Wi Viscosity of species i Pas

Ur Gas mixture viscosity Pas

v Atomic diffusion volume

Vi Unitary constant that indicates if i is

consumed or produced

List of acronyms
GSR Glycerol Steam Reforming

WGFR Molar Water/Glycerol Feed Ratio
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Experimental Analysis of Modified Hydrotalcites During High Temperature
CO; Sorption

Chapter 4. Experimental Analysis of
Modified Hydrotalcites During High
Temperature CO; Sorption

This chapter presents the experimental analysis of several
hydrotalcite-like materials during CO, sorption at high temperatures. In
subchapter 4.1 several materials are studied under static conditions and the
best one is selected. In subchapter 4.2 the performance of this material

during breakthrough experiments is assessed.
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4.1 High Temperature CO2 Sorption over Modified
Hydrotalcites

Co, co, ..CO;
2 CO, = CO,
T T TTnT CC;O ’;ggco-coz
co, CO, i Impregnation CO, CO,
0. o, ©0 7T €O luluuul NI
\"\/\M | | 83% more CO, |
sorption capacity
Ga3+f\AP+ PALbLL bbb
Mg/Al Hydrotalcite 4 U
Microwave
X—

=

¢ A Kimpregnated, Ga substituted microwave aged hydrotalcite was
prepared.

e An astonishing CO, sorption capacity of 2.09 mol-kg? was
achieved at 573 K.

e Two different kinetic contributions were identified during CO.
uptakes.
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Hydrotalcite-like materials were prepared by the co-precipitation
method, characterized by PXRD, FTIR, physical adsorption of N, at 77 K
and SEM/EDS, and after calcination they were tested for CO, sorption at
573 K under dry conditions. The simultaneous effect of aluminum partial
substitution with gallium, microwave aging of the precipitated gel and
modification with potassium on their sorption capacity was assessed.
Sorption isotherms were well described by the Freundlich model for all
samples. A remarkable sorption capacity of 2.09 mol-kg™ at 3.10 bar was
obtained for the Ga-containing sample, aged under microwave irradiation
and impregnated with 20 wt% of potassium. The sorption kinetics was
analyzed from uptake measurements and two distinct contributions
(related to fast and slow uptakes), which are considered by the proposed
model, were observed. Despite the slower sorption kinetics on the
potassium-modified samples, they showed sorption capacities
considerably higher than those reported in the literature for commercial
hydrotalcites under similar conditions, even for prolonged exposition to
CO..

The contents of this chapter were adapted from: Silva, J.M., R. Trujillano, V. Rives, M.A.
Soria, and L.M. Madeira, High temperature CO2 sorption over modified hydrotalcites.
Chemical Engineering Journal, 2017, 325, 25-34.
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4.1.1 Introduction

Increasing greenhouse gases (GHG) emissions are a major concern due
to the changes that they are causing on our planet environment. Most of the
countries are making a collective effort in order to implement measures that will
hopefully, together with other initiatives, allow to keep the increase in global
average temperature less than 2 °C above pre-industrial levels. In fact, world
governments have recently (December 2015) agreed at the Paris Climate
Conference to aim to limit this increase to 1.5 °C since it would considerably
reduce the risks associated to impacts on climate change [1]. To achieve this
target, release of carbon dioxide (one of the most emitted GHG) to the
atmosphere should be sharply reduced. Moreover, and from an economical point
of view, if recovered CO;, can be used as feedstock for industrial production
processes, the existing resource base would be broadened [2].

Regarding the pre-combustion capture of CO,, several processes such as
absorption, sorption, chemical looping combustion, membrane separation,
hydrate based separation and cryogenic distillation, are possible [3]. Although
absorption is the most widely used CO; separation technology due to its high
efficiency and lower cost [3], it is not compatible with an intensified process
where, for instance, both high temperature reaction (e.g., steam reforming,
water-gas shift, etc.) and CO; separation occur simultaneously. However,
capture of CO; through high temperature sorption on a solid material is highly
compatible with such processes. In this regard, several materials such as CaO-
based materials [4, 5], hydrotalcites [6, 7], lithium zirconates [8, 9] and lithium
silicates [10, 11], among others, have been reported in the literature for high
temperature CO; sorption. Among these materials, hydrotalcite-related materials
have been observed to be the best option for temperatures between 573 and
773K [6, 7, 12-14].
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Hydrotalcite is a layered double hydroxide (LDH) which structure can be
considered derived from that of brucite, Mg(OH)2, and which general formula can
be written as:

[M2*, M3+ (OH),]** [A"7, - yH,0] " (4.1.1)

x/n

where M?* and M3* are divalent (e.g., Mg?*, Ni?*, Zn?*, etc.) and trivalent (e.g.,
AR, Ga*, Mn®', Y¥', Fe*, etc.) metal cations within the brucite-like layers, A™is
a charge compensating anion (e.g. C0%™, Cl~, SO%~, etc.) located in the interlayer
space and x is generally between 0.2 and 0.4 [15]. Regarding y, it represents
the number of moles of water in the interlayer space. The mineral known as
hydrotalcite possesses Mg?*, AI** and CO%~ as divalent and trivalent cations and
balancing anion, respectively. However, the properties of hydrotalcites can be
tailored by combining adequate cations and anions [16, 17], by varying the
MZ*/M3* molar ratio (related to the value of x) [18], by modifying the hydrotalcite
with alkaline metal cations (e.g. K*, Cs*, Na“, etc.) [14, 19, 20], by changing the
synthesis conditions such as pH [16, 21], aging process (e.g. conventional,
microwave, ultrasonication, etc.) [6, 22], or calcination temperature [19, 23],
among other parameters or conditions. Hydrotalcites have been reported to
show good sorption capacity, stability and easy regeneration by temperature or
pressure swing [14, 24-26]. Moreover, it is clear by now that the presence of
steam, which is common in pre-combustion applications like sorption-enhanced
steam reforming, highly benefits the sorption of CO, on these materials [14, 27,
28].

From the literature, it is concluded that potassium modified hydrotalcites
showed the best performance among several alkali-modified hydrotalcites [13-
14], and that partial substitution of aluminum with gallium [13, 26] also improved
the performance for CO, sorption. On the other hand, the beneficial role of
microwave treatment on the properties of hydrotalcites has been also reported

[6, 22]. Taking into account these facts, a gallium substituted Mg-Al-hydrotalcite
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aged under microwave irradiation and modified with potassium was evaluated in
terms of CO; sorption capacity and compared to other formulations. In particular,
the effects of the aluminum partial substitution with gallium, the microwave aging
of the precipitated gel and the modification with potassium were separately
assessed. Besides the physicochemical characterization of the synthetized
materials, the sorption equilibrium isotherms at 573 K (typical temperature found
in both pre- and post-combustion streams) were recorded. Finally, the sorption
kinetics on the prepared materials was determined.

4.1.2 Experimental

4.1.21 Chemicals and gases

Aluminum nitrate 9-hydrate, magnesium nitrate 6-hydrate and gallium
nitrate hydrate (Sigma Aldrich, highest purity degree available) were used as Al,
Mg and Ga precursors, respectively. In order to assure that the charge
compensating anion was carbonate and not nitrate, an excess of anhydrous
sodium carbonate (Sigma Aldrich, highest purity degree available) was used.
Sodium hydroxide (Sigma Aldrich, highest purity degree available) was used to
maintain an alkaline pH during synthesis. Potassium carbonate (Sigma Aldrich,
highest purity degree available) was used as chemical promoter to modify the
prepared hydrotalcites. Carbon dioxide (99.99%), nitrogen (99.999%) and
helium (99.999%) used were from L’Air Liquide.

4.1.2.2 Preparation of the materials

Two fresh base materials were prepared: Mg, Al(OH),(CO3), 5 - yH,0 and
Mg, (Aly9Gag 1)(OH)6(CO3)05 - yH,0, herein named as fHTC and fHTCGa,
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respectively. For both materials, the Mg2* / AlI3* and Mg?* / (A3t + Ga3*")
molar ratios of 2 were used and an Al3*/Ga3* ratio of 9 was used to prepare
sample fHTCGa. These ratios were chosen taking into account the results
previously reported by Miguel et al. [13].

The materials were prepared via the co-precipitation method: a portion of
100 ml of a solution containing the salts of the divalent (1.93 M and 1.89 M for
non-containing and containing gallium samples, respectively) and trivalent
cations (0.97 M and 0.95 M for non-containing and containing gallium samples,
respectively) was added drop-wise to a basic solution containing NaOH (1 M)
and Na;COsz (0.089 M). The final mixture was continuously stirred for
approximately 20 h at room temperature. This allowed obtaining gels of the two
aforementioned base materials. Then, half of the amount of fHTC and all
fHTCGa suspensions were hydrothermally treated at 373 K in a Milestone Ethos
Plus microwave furnace with a power of 600 W during 1 h, in sealed 100 ml
Teflon reactors (fresh samples obtained are herein respectively called fHTC MW
and fHTCGa MW). The heating ramp from room temperature up to 373 K was in
all cases 10 K-min! and the heating process was programmed with Software
Easywave. After this treatment the suspensions were centrifuged and the solids
were washed with distilled water to remove nitrate and sodium counterions. The
samples were dried at 313 K in air, crushed and a small amount of each sample
was calcined at 673 K for 2 hours in air. The loss of mass during calcination of
each sample was assessed in order to further prepare the potassium modified
samples with a pre-determined stoichiometry. Then, half of the amount of the
remaining fHTC, all fHTC MW and all fHTCGa MW were impregnated with a
solution of potassium carbonate dissolved in the minimum possible amount of
water with the aim of achieving a final potassium loading of 20 wt%, which is the
percentage typically found in other works [6, 13, 29]. Finally, the samples were
dried once again at 313 K, crushed, and calcined at 673 K for 2 h in air. It has

been observed that calcination of hydrotalcite-based materials at 673 K allows
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the attainment of higher sorption capacities [30]. A summary of the prepared
calcined samples that were submitted to CO, sorption tests is given in Table
4.1.1.

Table 4.1.1 - Description of the prepared calcined samples that were submitted to CO:
sorption tests.

Sample? M2+ M3+ A" Treatment Promoter K/wt%
cHTC Mg?* AlR* CO3z* - - -
cK-HTC Mg?* AlB* CO3z* - K 20
CcK-HTC MW Mg?* AlR* CO3* Microwave K 20
cK-HTCGa MW  Mg?* AP Ga3* COs* Microwave K 20

a The notation “c” stands for calcined samples.

4.1.2.3 Characterization of the materials

The powder X-ray diffraction (PXRD) patterns were recorded using non-
oriented powder samples, in the 2 to 75° 26 range, at a scanning speed of 2°-min
!, The instrument used was a Siemens D-5000 diffractometer, operating at 40
kV and 30 mA, with filtered Cu Ka radiation (A = 1.5418 A). The Fourier
Transformed Infrared (FTIR) spectra were recorded in the 4000450 cm™ range
in a Perkin-Elmer Spectrum-One spectrometer. About 1 mg of sample and 300
mg of KBr were used in the preparation of the pellets. Nitrogen adsorption-
desorption at 77 K were recorded, after degassing the samples for 2 h at 383 K
in a FlowPrep 060 accessory (Micrometrics), in a Micrometrics, model Gemini Il,
apparatus. Scanning Electron Microscopy (SEM) coupled with Energy
Dispersive Spectroscopy (EDS) was performed in a FEI Quanta 400 FEG

ESEM/EDAX Pegasus X4M instrument. The samples were covered with an
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approximately 10 nm thick conductive coating of PdAu through sputtering
technique in a SPI module.

High temperature CO- sorption measurements were performed in a ClI
Microbalance. Before each test the microbalance was calibrated. Subsequently
the samples were heated up to 573 K under vacuum (= 0.001 bar) and remained
in such conditions until the measured mass was stable (variation lower than
0.030 mg in 5 h). The vacuum pump was turned off and CO- was introduced in
the chamber until a given pressure was reached (first sorption equilibrium point).
The equilibrium was assumed to be reached when a mass variation lower than
0.030 mg in 5 h was observed. After the equilibrium was reached, a new dose
of CO;, was introduced in the chamber until the next pursued pressure was
reached. Since buoyancy caused by the gas in the microbalance chamber
affects the measured mass of sorbent, buoyancy correction was done for each
pressure according to the methodology used by Miguel et al. [13]. For screening
purposes, the sorption equilibrium values were obtained for each sorbent at 573
K and CO; pressures of ca. 0.20, 0.50, 0.75, 1, 2 and 3 bar.

4.1.3 Results and discussion

4.1.3.1 Physicochemical characterization

4.1.3.1.1 PXRD
The PXRD patterns of the fresh (uncalcined) samples (Fig. 4.1.1 (a))

evidence the presence of the typical hydrotalcite structure. For each sample
(with or without Ga), treatment under microwave irradiation increases the
crystallinity of the sample, as concluded from the enhanced sharpness of the
diffraction maxima, as it can be clearly observed for that corresponding to

diffraction by planes (003). Also the doublet slightly above 60° is better defined
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for samples submitted to microwave treatment. Such an increase in crystallinity
upon microwave irradiation treatment has been related to Oswald ripening effect
[31, 32]. Lattice parameter ¢ was 22.59 A for sample fHTC and 22.95 A for
samples fHTC MW, fHTCGa, and fHTCGa MW, that is, the values were almost
coincident in all cases; the slightly smaller value obtained for sample fHTC is
probably due to a somewhat lower water content in the interlayer. Concerning
lattice parameter a, calculated from the positions of the diffraction maximum
recorded just above 60° (20), its value was 3.04 + 0.01 A in all cases, indicating
that incorporation of a small amount of gallium did not give rise to relevant
distortions in the lattice.

The PXRD patterns of the samples calcined at 673 K (Fig. 4.1.1 (b))
correspond mostly to amorphous materials, and only weak and broad signals
due to MgO were observed. The maxima due to the layered hydroxide structure
completely disappeared for all samples, and some other very weak signals not
associated to MgO can be observed. This behavior is due to the fact that
calcination at 673 K is severe enough to destroy the layered structure, as
concluded from TG results for similar materials [13, 33]. The weak peaks
recorded in the K-containing samples might be probably due to formation of
small amounts of potassium carbonate, which decomposes well above 1400 K.
The main diffraction maxima recorded at values of 206 close to 35.3, 42.85, and
61.95° correspond to the rock-salt structure of MgO. No differentiated diffraction
maxima (in addition to these of MgO and K>CO3) due to any Al- or Ga-containing
species are recorded, indicating that these cations are probably dispersed in a
defective rock salt structure or even forming dispersed, non-crystalline, spinel-
like domains, as when the calcination temperature is increased, spinel

crystallizes [34].
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Fig. 4.1.1 - PXRD patterns of (a) fresh samples, and (b) freshly calcined samples at 673
K. The curves have been vertically displaced for clarity.

4.1.3.1.2 Physical adsorption of nitrogen at 77 K

For the determination of the specific surface areas (Table 4.1.2),
adsorption-desorption isotherms of N, at 77 K were recorded. For the reasons
detailed above, the study was restricted exclusively to the calcined samples
tested for CO: sorption.

For all calcined materials, type Il isotherms (IUPAC classification) were

obtained (Fig. 4.1.2), meaning that  these materials are
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macroporous/mesoporous solids. The existence of micropores can be neglected

since their volume is very low (< 0.007 cm®*g?). It has also been observed that

modification with potassium leads to much lower specific surface areas and the

three samples impregnated with this alkaline metal show very similar specific

surface area values. This is probably related to the pore blocking caused by the

K2CO3 phase, which is observed in the SEM images (Fig. 4.1.4 below). Finally,

neither the microwave treatment nor Ga incorporation had any significant effect

on the specific surface areas of the samples.
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Fig. 4.1.2 - Adsorption/desorption isotherms of nitrogen over calcined samples: (a)
cHTC, (b) cK-HTC, (c) cK-HTC MW and (d) cK-HTCGa MW.
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Table 4.1.2 - BET specific surface areas of the prepared materials determined by
physical adsorption of N2 at 77 K.

Sample Sger | m?-g?t
cHTC 143
cK-HTC 24
cK-HTC MW 23
cK-HTCGa MW 28

4.1.3.1.3 FTIR

As the sorption experiments were carried out with the samples calcined at
673 K, only the FTIR spectra, Fig. 4.1.3, of the samples prepared at this
temperature will be discussed. The spectra are very similar for all samples, and
show an intense very broad band centered around 3450 cm, which is due to
the stretching mode of hydroxyl groups. This band is very broad, as it is the
superposition of the bands of hydroxyl groups in different environments and so
involved in hydrogen bonds with different strength. The shoulder usually
recorded around 3000 cm™ due to the stretching mode of hydroxyl groups
hydrogen bonded to interlayer carbonate species is not recorded, as interlayer
carbonate has been removed from the interlayer during the thermal treatment.
The very weak bands slightly below 3000 cm™ are due to the C-H stretching
mode of alkane species, probably adsorbed on the surface of the materials,
exposed to vapors in the laboratory. The medium intensity band at ca. 1630 cm-
!'is due to the bending mode of water molecules, probably adsorbed on the
external surface of the crystallites. This means that the samples, even after
calcination at 673 K, were partially rehydrated/rehydroxylated and probably even

recarbonated during storage and handling before recording the spectra,;
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however, as noticed from the PXRD patterns, the layered structure was not
recovered and the absence of interlayer carbonate lost during calcination would
account for the differences in the spectra between the uncalcined and calcined
samples (not shown).
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Fig. 4.1.3 - FTIR spectra of the samples calcined at 673 K.

The very sharp band at 1385 cm™is due to the presence of nitrate
impurities, probably from the KBr used to prepare the discs to record the spectra.
This band is clearly recorded on top of another, at a very close position, but
broader band, usually ascribed to carbonate species. It should be noticed that
the spectra for samples ckK-HTC, cK-HTC MW, and CK-HTCGa MW show below
ca. 1600 cm™ some very weak bands, absent in the spectrum of sample cHTC.
This difference can be due to the larger (see below, section 4.1.3.2) surface
basicity of the former samples, probably because of the presence of added
potassium. Such an increased surface basicity would favor further sorption of
carbon dioxide from the environment, leading to the formation of a mixture of
surface carbonate and hydrogencarbonate species, which can be bonded to the
surface as monodentate, bidentate or even forming bridging species. The

weakness of the bands and the closeness of the bands expected for these
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different species makes rather doubtful a precise ascription of the bands to
definitive surface adsorbed species. Nevertheless, formation of unidentate
species can be discarded, as no intense band which could be ascribed to the
stretching mode of C=0 units is recorded above ca. 1600-1650 cm™. The weaker
bands below 1000 cm™ correspond mainly to vibrations of lattice bonds (Mg-OH,

Al-OH, etc.) and also other carbonate-related vibrational modes.

4.1.3.1.4 SEM/EDS
The analysis of the SEM images of cHTC (Fig. 4.1.4 (a)) shows the

exclusive existence of a not defined morphology, although the presence of thin
slabs is clearly concluded. For the potassium impregnated samples, two
additional patterns were identified: larger flat surfaces (Z1) and needle-like
structures (Z3). The existence of such zones had already been reported for
similar samples [13, 14]. EDS analysis (cf. Appendix C - Fig C.1) showed that
the content of potassium is very large in both zones, especially in the flat surface
zones (Z1) (34 - 44% in Z1 and 10 - 16% in Z3), where it was larger than in the
irregular shape zones (Z2) (< 7%), meaning that potassium deposits
preferentially on certain zones of the particles. Similarly, the cations precipitation
did not occur homogeneously, being that the molar ratios of cations in the solids
vary from zone to zone in the same material and do not coincide with the molar
ratio(s) of cations in the starting solution, as previously observed [13, 14].
Rather surprisingly, Z2 zone was not identified in the unused cK-HTCGa
MW (Fig. 4.1.4 (d)). It can be tentatively assumed that it was covered by the
other two zones during impregnation. However, this same zone is not only
clearly seen in the same sample after CO, sorption tests, but also shows high
and similar amount of potassium (as compared to cK-HTC and cK-HTC MW

samples).
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Fig. 4.1.4 - SEM images of the samples calcined at 673 K before CO:2 sorption tests (a)
CcHTC, (b) cK-HTC, (c) cK-HTC MW, (d) cK-HTCGa MW and after sorption tests at 573
K (e,f) cK-HTCGa MW.

4.1.3.2 CO:sorption experiments

4.1.3.2.1 Determination of sorption equilibrium isotherms at 573 K -
sorbent screening

The sorption equilibrium isotherms were determined at 573 K under dry
conditions for the four calcined samples, increasing the CO; partial pressure up
to ca. 3 bar. It was verified that in general, the temperature inside the chamber
varied less than 2 °C during the uptake after the previous equilibrium stage has
been reached. From the plot in Fig. 4.1.5, a gradual increase of the sorption
capacity with the increasingly severe treatments can be observed. After
impregnation with potassium, a considerable boost of more than 50% in the
sorption capacity of the cHTC sample was observed. This beneficial effect of
modification of calcined hydrotalcites with potassium on its sorption capacity is
already very well known, being attributed to the increased surface basicity, which
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enhances the acid base interaction between acidic CO, and the basic sites of
the sorbent material [13, 14, 19, 27].

cHTC

cK-HTC
cK-HTC MW
cK-HTCGa MW

0.0 T T T T T T
0.0 0.5 1.0 1.5 2.0 2.5 3.0

{ bar

4 p & n

p Cco2

Fig. 4.1.5 - CO2 sorption equilibrium isotherms at 573 K on the calcined hydrotalcites.
The lines correspond to the fitting using the Freundlich equation.

When, in addition, the gel was treated under microwave irradiation, a further
increase in the sorption capacity (around 5%) was observed. From
microcalorimetric and spectroscopic measurements of CO, and CH3;CN sorption
on Mg/Al mixed oxides obtained upon calcination of hydrotalcites, Tichit et al.
[22] observed that the amount of basic and acid sites increased (higher amount
of surface-defective sites) when the hydrotalcite had been aged under
microwave irradiation. Finally, when the aluminum in the hydrotalcite structure
was partially substituted with gallium, a further increase of around 14% in the
sorption capacity was observed. It has been found that the amount and strength
of the basic and acid sites depend, among other factors, on the nature of the
trivalent cation. An increase in the basic character is usually observed when
substituting Al by Ga. On the other hand, microwave irradiation of Ga-containing
samples induces a higher surface segregation of Ga®* [22]. In our potassium
impregnated samples, with markedly lower BET specific surface areas (Table

4.1.2) than the potassium-free sample, the CO, sorption capacities are much
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larger than for the potassium-free sample. This indicates that the sorption of CO»

on these materials is not crucially influenced by the BET specific surface area,

but, as previously reported [13, 14, 22, 35], rather by the chemical nature of the

exposed surface. At 3.10 bar a large sorption capacity of 2.09 mol-kg? was

measured. By comparing these results with other typically found in the literature

under similar conditions (Table 4.1.3), those achieved in this study are markedly

better in most of the cases than those previously reported.

Table 4.1.3 - Comparison of obtained CO: sorption equilibrium capacities for cK-HTCGa
MW with values reported in the literature for other hydrotalcites.

Sorbent T Peo, 1 Shape of sorbent Ref.
/K /bar  /molkg?
cK-HTCGa MW 573 1.05 1.70 Irregular lumps This work
cK-HTCGa MW 573 0.51 1.54 Irregular lumps This work
EXM696 573 1.00 0.50 Powder [25]
KTI-K-Na 573  0.402 1.11 Cylindrical pellets [27]
HTA-MW-20K 573 1.00 1.46 n.d. [6]
MG30-K 579 0.402 0.48 Cylindrical pellets [14]
MG30-KN 608  0.502 1.07 n.d. [20]
K-HTC 673 0.50 0.28 Cylindrical pellets [29]
K-HTC 673 0.50 0.59 Irregular lumps [36]

a Wet conditions.

n.d. — not disclosed.
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The sorption data obtained for each sample were fitted to the Freundlich
equation (Eg. (4.1.2)), as usually reported to describe the sorption of CO2 on
hydrotalcites [13, 36, 37]:

1

a=Kpl,, (4.1.2)

where q is the CO; sorption capacity of the sorbent, and K and n are Freundlich
equation parameters; pco, stands for the carbon dioxide partial pressure.
Parameter nis normally higher than 1 and as it gets larger than around 10 (1/n <
0.1) the sorption isotherm approaches the so-called irreversible isotherm (or
rectangular isotherm), meaning that g remains nearly constant with increasing
values of pco,. When such state is reached, extremely low pressures are
required so that the sorbate molecules start desorbing from the sorbent surface
[38]. The fitting parameters of the Freundlich equation are included in Table
4.1.4.

Table 4.1.4 - Adjusted parameters of the Freundlich type isotherm to the experimental
sorption data for each sample.

Sorbent K / mol-kg™? bartt/m 1/n R?
cHTC 0.94 0.15 0.9961
cK-HTC 1.43 0.16 0.9990
cK-HTC MW 1.51 0.17 0.9995
cK-HTCGa MW 1.72 0.15 0.9987

As it can be seen, the Freundlich model results in a very good fitting to the
experimental data for all samples within the tested pressure range. This can also
be concluded from the plots in Fig. 4.1.5. Regarding the values of n, they are

very similar for all samples and below 10 (1/n > 0.1), meaning that for all cases
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the isotherms were far from being irreversible. That can also be concluded by
analyzing Fig. 4.1.5, in which it can be seen that the isotherms are not even
close of being rectangular shaped.

Finally, it can be observed that the four equilibrium sorption isotherms
obtained are quite steep, especially that for cK-HTCGa MW. If this material is
used in cyclic operation (and according to the equilibrium theory for adsorption
in fixed bed [39], which states that the velocity at which a specific concentration
propagates is inversely proportional to the slope of the isotherm), lower
concentrations would travel through the column more slowly and so the
concentration front would be compressive and dispersive during the sorption and
the desorption stages, respectively. The most crucial aspect here is that it is
expected that the regeneration front for cK-HTCGa MW during cyclic CO>
capture in a packed bed at high CO; pressures will be quite dispersive, mainly
because of the considerable difference in the slope of the isotherm between low
(ca. < 0.25 bar) and high (ca. > 1.0 bar) CO; pressures. Therefore, in order to
save time and resources, a possibility would be to operate in the low pressure
region during regeneration (pressure swing), which would allow a much lower
difference in terms of isotherm slope and consequently a much less dispersive

front.

4.1.3.2.2 Determination of CO2 uptake mechanism

The kinetics of CO; sorption on the four calcined hydrotalcites was
evaluated based on the findings reported by Ritter and co-workers [40],
regarding the formation of different carbonate species during CO sorption on
hydrotalcite-like materials. These authors found, by in situ FTIR spectroscopic
analysis, that four different carbonate species were formed: uni-, bi-, polydentate
and bridged carbonate species. The formation of bridged, uni- and bidentate
carbonates was associated to the fast reversible uptakes observed at short
contact times, while the formation of polydentate species is related to the slow

irreversible CO, uptake observed later on in the process. In a recent work [41],
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it has been also observed that the sorption of CO, over hydrotalcite-based
sorbents presents a very fast kinetics followed by a slower sorption. Moreover,
Ritter and co-workers observed that bridged and unidentate carbonate species
disappear after approximately 1 h, probably due to their transformation into
polydentate carbonate [40]. More recently, Coenen et al. have concluded that
irreversible formation of such carbonate species can actually be reverted in the
presence of steam into a metal hydroxide, which can be reconverted into metal
carbonate in the presence of CO; [42].

Following our previous findings [13] and considering the mechanism
proposed by Ritter et al., Eq. (4.1.3) was here used in order to describe the total
amount of CO- entering the sorbent particle [43]:

_ a®-q=0)
a(@) — qt = 0)

6 C 1 2D1t 6 C 1 lTL’z&t q>
_FZ _ﬁz_z CI: (4.1.3)

i=1 i=1

~=

R 4

oo QOO
where F is the total CO; uptake fraction, F; and F, are the partial uptake fractions
related to the fast and slow uptakes, respectively, g(t) is the CO; sorption
capacity measured at time t, q(t = 0) is the sorption capacity measured at the

beginning of the sorption tests (null in the case of our experiments for the 1%

Dy Dy
12’ 2

uptake), g (o) is the sorption capacity measured at the equilibrium and =, — and

g, (sorption capacity related to the fast uptake) are model parameters that were
obtained through non-linear fitting of Eqg. (4.1.3) to the experimental data.
Regarding g5, it is the sorption capacity related to the slow uptake and is the
difference between q(«) and q;. Eq. (4.1.3) is therefore composed by two kinetic

contributions, one related to the fast increase of sorption that occurs during the
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first stages of the process and the other one related to the slow uptake that

occurs at longer times; the kinetics of both contributions is characterized by the
D;
— parameters.

Fig. 4.1.6 shows the experimental fractional uptakes at 0.20 bar CO;
partial pressure for the different materials and the model curves fitted to the
respective experimental data, bearing in mind that F is the sum of two terms
which include curves F; and F, (see Appendix C, Fig. C.2 for the total and partial
loading uptake curves). From Fig. 4.1.6 (or C.2) it is possible to conclude that
the model predicts accurately the experimental CO; sorption uptake on these
calcined hydrotalcites, which is in line with the very good fittings obtained by
Miguel et al. [13] for a similar hydrotalcite. The fitted parameters are summarized
in Table 4.1.5.

Table 4.1.5 - Parameters of Eq. (4.1.3) obtained through fitting of the experimental CO:
uptakes for the four samples at 0.20 bar and 573 K.

q1

Sorbent % x 10% /st % x 10° /st — x 100
cHTC 12.63 11.92 78
cK-HTC 6.90 9.18 62
cK-HTC MW 5.64 8.16 64
cK-HTCGa MW 7.66 6.34 63
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Fig. 4.1.6 - Uptake curves for CO:2 sorption at 0.20 bar and 573 K for (a) cHTC, (b) cK-
HTC, (c) cK-HTC MW and (d) cK-HTCGa MW.

By comparing the parameters determined for the different samples, it is
clearly observed that values for sample cHTC are larger than for the others. This
basically means that cHTC shows a faster sorption kinetics than the other
samples, both during the fast and the slow uptake steps. Moreover, a higher
relative amount (as compared to the equilibrium amount) of CO- is adsorbed on
sample cHTC (78 %) than for the other samples (62-64 %) during the fast uptake.
This can be verified in Fig. 4.1.7, where these differences are clearly shown both
for the fast and the slow uptakes. Also, the decreasing trend observed in general
for both % and % in Table 4.1.5 as the treatment is more severe is similarly
concluded from Fig 4.1.7 (a) and (b), respectively. Finally, when comparing the
total uptake fraction calculated with Eq. (4.1.3) for the different samples (Fig.

4.1.7 (c)), it is confirmed that CO, adsorbs faster on cHTC than on the
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potassium-loaded samples, this meaning that impregnation with potassium
slows the sorption process, despite it enhances CO; sorption capacity. This

might be related to the previously mentioned pore blocking caused by potassium
impregnation, which probably slows the diffusion of CO, to the active sites.

Regarding microwave aging and gallium incorporation, the first treatment does

not seem to affect significantly the overall sorption kinetics, while the second

treatment slows it slightly, as it can be seen in Fig. 4.1.7 (c). In any case, 70%
of the total sorption capacity of cK-HTCGa MW at 0.20 bar and 573 K is achieved
after only 10 min, which corresponds to a sorption capacity of 0.95 mol-kg. This
is more than what would be attained with any commercial hydrotalcite under

similar conditions after equal or even longer periods of exposure to CO; [14, 25].
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Fig. 4.1.7 - Comparison of the uptake curves at 0.20 bar obtained through non-linear
fitting of Eq. (4.1.3) to the experimental data for the different samples: (a) F;, (b) F, and

(C) Fmod-
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A similar analysis was done for the second CO; uptake (from 0.20 bar up
to 0.51 bar) and is included in Appendix C (Figs. C.3-C.5 and Table C.1). Once
again very good fittings were attained. For this second uptake, a decrease of the
sorption kinetics was observed, especially for the potassium-doped materials
which only reached 45-50% of the equilibrium sorption capacity after
approximately 10 000 s (Appendix C, Fig. C.3) (more than 80% of the equilibrium
sorption capacity was obtained by all the materials during the first uptake after
the same period — Fig. 4.1.6). This decrease is probably related to the fact that
the materials are not fresh anymore at the beginning of the new uptake, which
also makes the sorption capacity increase lower (Appendix C, Fig. C.5). For this
reason, the values attained for the parameters of Eq. (4.1.3) were lower as well
(Appendix C, Table C.1). Finally, it was observed that the general kinetics’ trend
remained the same, i.e., CO, adsorbs faster on cHTC than on the potassium-
loaded samples (Appendix C, Fig. C.4).

4.1.4 Conclusions

Different hydrotalcite-based materials were prepared and their calcined
products were tested for CO; sorption. The samples showed CO; sorption
capacities at 573 K well above the minimum value of 0.3 mol-kg? normally
considered for their application in pre-combustion capture applications,
particularly in sorption-enhanced reaction processes. The simultaneous
modification with potassium and partial substitution of aluminum with gallium
significantly enhanced the sorption capacity of the calcined hydrotalcites,
especially the incorporation of potassium. Moreover, even though microwave
aging did not lead to an enhancement of the CO, sorption capacity as notorious
as the other changes did, it still contributed positively to the increase of the
sorption capacity. For all the CO; pressure range studied, sample cK-HTCGa

MW showed a sorption capacity much higher than those normally reported for
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this kind of materials. A maximum CO, sorption capacity of 2.09 mol-kg?* was
achieved on sample cK-HTCGa MW at 573 K, 3.10 bar of CO, and dry
conditions. The sorption equilibrium isotherms for all the materials were fitted
using a Freundlich-type equation, reaching a very good adhesion to
experimental data in all cases.

Finally, the sorption kinetics for all the samples was evaluated considering
a model which encompasses two Kkinetic contributions (fast and slow
contributions). The model predicted accurately the experimental CO sorption
uptake on these materials. It was also observed during the first uptake (up to
0.20 bar of CO,) that the base formulation, cHTC, showed the fastest sorption
kinetics both for the fast and slow uptakes, despite its considerably lower
sorption capacity. The results indicate that modification of the hydrotalcites with
potassium slows the sorption process, probably due to the limited diffusion of
CO; to the active sites inside the partially blocked pores. A lower decrease of
the sorption kinetics during the first uptake was attributed to both gallium
incorporation and microwave aging. Furthermore, when the pressure of CO, was
increased from 0.20 bar up to 0.51 bar, lower relative sorption uptakes with
slower kinetics were observed. This was already expected since the material
had already been submitted to an atmosphere of 0.20 bar of CO.. Nevertheless,
sample cK-HTCGa MW showed a much higher sorption capacity after only a few
minutes than calcined commercial hydrotalcites would present after even hours

of exposure to CO..
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4.2 Dynamic Behaviour of a K-doped Ga
Substituted and Microwave Aged Hydrotalcite
During CO2 Sorption Experiments

Co, K-HTCGa MW Tl
=== Higher CO, 3%
3 capture < 04!

R

\\\\\\\\

5
vol% HZO

e cK-HTCGa MW has a significant CO capture working capacity.

e CcK-HTCGa MW working capacity is 42% higher than that of
commercial K-MG30.

e Higher pressures, temperatures and CO, and H.O contents

allowed better performance.

e The sorption working capacity increased by 200% when 10 vol% of

H,O was used.

e The presence of H,O mobilized K and Ga basic sites towards c-
KHTCGa MW'’s surface.
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A potassium impregnated magnesium-aluminum-gallium
hydrotalcite, aged under microwave irradiation (K-HTCGa MW), was
tested for CO. capture during a long term breakthrough experimental
campaign for the very first time under different total pressures, CO-
concentrations, temperatures and H,O contents. Higher total pressures,
concentrations of CO- in the feed stream and temperatures resulted in
higher outstanding sorption capacities. The presence of H.O during both
sorption and desorption was considerably advantageous for promoting a
supplementary increase in CO, capture by the hydrotalcite. The calcined
material (cK-HTCGa MW) presented a sorption working capacity after 7-8
cycles of around 0.7 mol'kg™ at 6 bar, 673 K, 15 vol% CO, and under dry
conditions, which is considerably higher (almost 2-fold increase) than the
approximately 0.4 mol-kg* attained with the commercial K-MG30 material,
under the same conditions. Finally, it was observed that higher total
pressures, temperatures and H»,O contents allowed higher bed usage
efficiencies. EDS elemental distribution mapping showed that both
potassium and gallium (basic sites) were mobilized towards the sorbent
surface in the presence of H>O, which could have contributed to the
observed enhanced behavior of the sorbent under wet conditions.
Furthermore, PXRD and FTIR evidenced that the used hydrotalcite (UK-
HTCGa MW) kept a stable structure after more than 300 hours of

utilization.

The contents of this chapter were adapted from: Silva, J.M., R. Trujillano, V. Rives, M.A.
Soria, and L.M. Madeira, Dynamic behaviour of a K-doped Ga substituted and
microwave aged hydrotalcite during CO, sorption experiments. Submitted for

publication.
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4.2.1 Introduction

Layered double hydroxides (LDHs), also known as hydrotalcites-like
materials, are anionic clays with at least two kinds of metallic cations in the main

layers and anionic species in the interlayers. These brucite-like layered materials

present as general formula [M2* M3*(0H),]** [Aﬁ]n-yHZO]x_, where M?* and
M3* are divalent (e.g., Mg?*, Ni?*, Zn?*, etc.) and trivalent (e.g., AI**, Ga*', Mn®',
Y3, Fe¥, etc.) metal cations within the brucite-like layers, A™ is a charge
balancing anion (e.g. CO3~, CI~, SO3™, etc.) located in the interlayer space and
x, the trivalent metal molar fraction, is generally between 0.2 and 0.4 [1]. These
materials have been reported for almost a century but only in the last decades
attention has been focused on their capacity for CO, capture; more specifically,
because of their unique stable behavior during CO, capture at temperatures
between 573 and 773 K [2-6], which makes them very good candidates for pre-
combustion CO; capture applications.

The performance of these materials during high temperature CO- sorption
can be significantly enhanced by combining adequate cations in the brucite-like
layers [7, 8], by using appropriate charge balancing anions in the interlayer [9],
by varying the trivalent metal molar fraction [10] or by modifying the material with
alkaline metal cations, such as K*, Na* or Cs* [2, 5]. Changes regarding the
synthesis process and pH [9, 11], aging process of the precipitated gels, such
as microwave irradiation, ultrasonication or conventional [12, 13], calcination
temperature [5, 14], among others, also play an important role in determining the
performance of hydrotalcites during high temperature CO- capture. On the other
hand, the dynamic behavior of hydrotalcites during high temperature CO»
sorption will also be considerably dependent on the process conditions used,
such as sorption and desorption temperature, sorption and desorption total
pressure, CO;, concentration present in the feed stream during sorption, total

flow rate, among others. The use of pressure and/or temperature swing has
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been frequently reported as advantageous in this kind of processes [2, 15, 16].
Moreover, the presence of H.O during sorption and/or desorption of CO, over
hydrotalcites has been commonly reported as advantageous [2, 17-20], which is
highly convenient as H,O is often present in pre-combustion processes such as
sorption-enhanced steam reforming and water-gas shift.

It has been concluded in a previous work [8] that simultaneous
modification with potassium, partial substitution of aluminum with gallium and
aging the precipitated gel under microwave irradiation resulted in a hydrotalcite
with outstanding CO, sorption capacity at 573 K under static conditions in a
microbalance. It was observed that this new hydrotalcite was able to retain even
more CO; than some of the most active hydrotalcites reported in the literature
under similar conditions. In fact, this hydrotalcite was able to capture
considerably more CO: in the first minutes of exposure than commercial
materials would do even after hours [8]. However, the material was only
submitted to a set of 6 CO, uptakes in a microbalance that allowed the
determination of the CO- sorption isotherm at 573 K. In order to understand how
such promising material behaves during dynamic continuous operation, namely
in terms of sorption capacity and sorption kinetics, several breakthrough tests
were carried out for more than 300 h under different total pressures, sorption
temperatures, CO2 concentrations and H,O contents in the feed. The most
favorable conditions within the selected ranges were determined. Also, the
fraction of sorbent bed that was efficiently used and which conditions maximize
this usage were determined for the several conditions tested. In order to better
understand the obtained results, the effect of submitting the hydrotalcite to more
than 300 h of CO, sorption/desorption cycles on its structure and surface

composition was assessed by means of several characterization techniques.
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4.2.2 Experimental

4.2.2.1 Chemicals and gases

Aluminum nitrate 9-hydrate, magnesium nitrate 6-hydrate and gallium
nitrate hydrate (all from Sigma Aldrich, highest purity degree available) were
used as Al, Mg and Ga precursors, respectively. In order to assure that the
charge balancing anion was carbonate and not nitrate, an excess of anhydrous
sodium carbonate (Sigma Aldrich, highest purity degree available) was used.
Sodium hydroxide was used to maintain an alkaline pH during synthesis.
Potassium carbonate (Sigma Aldrich, highest purity degree available) was used
as chemical promoter to modify the prepared hydrotalcites.

Carbon dioxide (99.998%) and nitrogen (99.9995%), both from L’Air
Liquide, were used in the breakthrough experiments. Deionized water was also

used during some of the sorption tests.

4.2.2.2 Preparation of the material

A fresh base material, Mg, (Aly 9Gag 1) (OH)4(CO3)0.5 - YH,0, herein named
as fHTCGa, was prepared with a Mg?* / (AI13* + Ga3*) molar ratio of 2 and a
AI3*/Ga3* molar ratio of 9. These ratios were chosen taking into account the
results previously reported by Miguel et al. [21] and used in our previous work
[8].

The procedure used to prepare first fHTCGa and then fHTCGa MW
(fHTCGa aged under microwave irradiation) is described elsewhere [8]. Then,
the sample was dried at 313 K for 48 h in an oven, crushed and a small amount
was calcined at 673 K for 2 h in air in a NETZSCH STA 449 F3 Jupiter
thermobalance. The loss of mass during calcination was assessed through
thermogravimetric analysis in order to further prepare the potassium modified

sample with a pre-determined stoichiometry. Then, fHTCGa MW was
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impregnated with a solution of potassium carbonate in water and under vigorous
stirring to achieve a final potassium loading of 20 wt% (sample called fK-HTCGa
MW), which is the percentage typically found in other studies [12, 21, 22] and
also used in our previous work [8]. Finally, the samples were dried once again

at 313 K for 48 h in an oven and crushed.

4.2.2.3 Characterization of the materials

Thermogravimetric and differential scanning calorimetry (TG-DSC)
analysis of fK-HTCGa MW was performed in a NETZSCH SSA 449F3 Jupiter
thermobalance; the Differential Thermogravimetric (DTG) curve was also
analyzed. Approximately 20 mg of sample were placed in an alumina basket and
heated up to the desired temperature at a rate of 10 K-min™ under a N; flow rate
of 60 mLy-mint. All data analyses were performed using NETZSCH Proteus
Thermal Analysis software. The powder X-ray diffraction (PXRD) patterns were
recorded using non-oriented powder samples, in the 3-70° 26 range, at a
scanning speed of 2° min®. The instrument used was a Siemens D-5000
diffractometer, operating at 40 kV and 30 mA, with filtered Cu Ka radiation (A =
1.5418 A). The Fourier Transformed Infrared (FTIR) spectra were recorded in
the 4000-450 cm™ range in a Perkin-Elmer Spectrum-One spectrometer. About
1 mg of sample and 300 mg of KBr were used in the preparation of the pellets.
Nitrogen adsorption-desorption isotherms at 77 K were recorded, after
degassing the samples for 2 h at 383 K in a FlowPrep 060 accessory
(Micrometrics), in a Micrometrics, model Gemini Il, apparatus. Scanning
Electron Microscopy (SEM) coupled with Energy Dispersive Spectroscopy
(EDS) was performed in a FEI Quanta 400 FEG ESEM/EDAX Pegasus X4M
equipment. The samples were covered with an approximately 10 nm thick

conductive coating of PdAu through the sputtering technique in a SPI module.
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4.2.2.4 Experimental setup for the CO2 sorption experiments

A stainless steel column (120 mm of height and 7.2 mm of inner diameter)
was attached to the experimental setup (Fig. 4.2.1), placed inside a tubular oven
(model Split from Termolab, Fornos Eléctricos, Lda.) equipped with a 3-zone PID
temperature controller (model MR13 from Shimaden). The type-K
thermocouples used to measure and control the oven temperature were placed

in the same radial position of the oven and close the column wall.
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Fig. 4.2.1 - Scheme of the experimental setup.

Both CO, and N2 were fed by mass flow controllers (model F201 from
Bronkhorst High-Tec) while water was fed by a syringe pump (Chemyx, Nexus
6000) and evaporated before entering the column. The pressure in the system
was monitored by means of 2 pressure transducers (model PMP 4010 from
Druck) placed before and after the sorption bed.

The evolution of the CO; outlet dry composition was monitored by an
online infrared based CO, analyser (Servomex, model 4210). For the cases in
which steam was utilized, a Peltier based cold-trap was used between the

sorption column and the analyser in order to condense water vapor.
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The stainless steel column, closed in both ends with two stainless steel
mesh (10-15 um) discs, was filled with 2.8 g of fK-HTCGa MW. Two type-K
thermocouples inserted laterally and radially centred (40 and 80 mm of the
column length) were used with the aim of continuously monitoring the bed
temperature. The temperature difference along the column length under inert
atmosphere was negligible (< 1 K). In order to minimize pressure drop along the

bed, sorbent particles with diameters between 354-600 um were used.

4.2.2.5 Breakthrough experiments

At the beginning of the experimental campaign the sorbent was heated up to
673 K at a rate of 5 K-min under a N; flow rate of 200 mLy-min and it was kept
under such conditions overnight in order to calcine the material (cK-HTCGa MW,
see below), as it has been observed that hydrotalcite-based materials calcined
at 673 K retain more CO; [23]. After this, the CO, breakthrough experiments
were performed. The sequential experimental plan summarized in Table 4.2.1
was followed. First, several CO; sorption cycles were performed at 673 K, total
pressure of 6 bar, total flow rate of 200 mLy-min, CO2 volume fraction of 0.15
(balanced with N2) under dry conditions until the sorption working capacity was
reached (i.e., no significant deactivation between cycles). Afterwards, in order to
assess if further deactivation occurred between cycles at different conditions,
the initial test at 673 K, total pressure of 6 bar, CO, volume fraction of 0.15
(balanced with N2) under dry conditions was repeated periodically. Regeneration
was always done at 673 K, total pressure of 1.3 bar and under pure dry N>
atmosphere. Finally, it is worth mentioning that all dry sorption-desorption cycles
lasted exactly the same time, 12 h (4 h of sorption and 8 h of desorption). In this
way it was possible to carry out all dry tests consecutively in different days while
keeping them comparable. If a more practical approach is prioritized in detriment
of results comparability, much shorter sorption-desorption cycles would have

certainly been adopted (e.g. sorption only until the breakthrough time followed
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by regeneration until no significant amount of CO; is present in the outlet
stream). For comparison purposes, the conditions used during the first 11 cycles
(Table 4.2.1) were repeated for a K,CO3 promoted (17 wt%) hydrotalcite (Mg/Al
molar ratio of 0.5) supplied by Sasol and here labelled as K-MG30, which is a
reference commercial hydrotalcite that has been widely reported in the literature
[2, 3, 18, 24].

The sorption-desorption cycles in the presence of steam were carried out
over 45 min each. Also, to have higher steam feed stability, a total pressure of 6
bar was used during both sorption and desorption. Since the sorbent had to be
regenerated overnight under dry N, atmosphere (total pressure of 1.3 bar), 4 dry
sorption-desorption cycles of 45 min each were carried out in order to verify if
the sorption working capacity under dry conditions was the same before doing
the wet breakthrough tests. Then, for each steam composition, 6 sorption-
desorption cycles were done. This set of experiments was designed with the aim
of further understanding how cKHTCGa MW would behave under different
conditions (total pressure, temperature and CO, and H2O volume fraction in the

feed) during sorption-enhanced processes.
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Table 4.2.1 - Set of experiments adopted to study the effect of temperature, total pressure, CO2 composition and steam presence on
the sorption capacity of the cK-HTCGa MW material.

) Sorption ) Sorption-
Experiment Ne° of Sorption Yco,/YH,0 - Yn,/YHy0 - ,
Temperature / Desorption
Number Cycles Pressure / bar Sorption? Desorption )
K duration /h
1-11b 11 673 6 0.15/0 1/0 4-8
12 1 673 3 0.15/0 1/0 4-8
13 1 673 1.3 0.15/0 1/0 4-8
14 1 673 1.3 0.10/0 1/0 4-8
15 1 673 1.3 0.05/0 1/0 4-8
16-18 3 673 6 0.15/0 1/0 4-8
19 1 623 6 0.15/0 1/0 4-8
20 1 573 6 0.15/0 1/0 4-8
21 1 673 6 0.15/0 1/0 4-8

22¢ 1 673 1.3 - 1/0 Overnight




Table 4.2.1 - Set of experiments adopted to study the effect of temperature, total pressure, CO2 composition and steam presence on
the sorption capacity of the cK-HTCGa MW material (cont.).

) Sorption ) Sorption-
Experiment Ne° of Sorption Yco,/YH,0 - Yn,/YHy0 - ,
Temperature Desorption
Number Cycles Pressure / bar Sorption? Desorption )
/K duration / h
23-26 673 6 0.15/0 1/0 0.25-0.5
27¢ 673 6 - 0.95/0.05 2
28-33 673 6 0.15/0.05 0.95/0.05 0.25-0.5
34¢ 673 1.3 - 1/0 Overnight
35-38 673 6 0.15/0 1/0 0.25-0.5
39¢ 673 6 - 0.90/0.10 2
40-45 673 6 0.15/0.10 0.90/0.10 0.25-0.5
46¢ 673 1.3 - 1/0 Overnight

a Balanced with Na.
b Stabilization cycles.
¢ Regeneration procedures carried out without CO2 sorption.
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4.2.2.6 Process metrics

The breakthrough time (t,,) was defined as the moment at which 5% of

the feed CO; concentration was reached in the outlet stream. Regarding the

stoichiometric time, t;, it was defined as follows [25]:

trest out
ty = f (1 - }ﬂ> dt (4.2.1)
0

Yco,

where y"“t and yé’(l)z are the volume fractions (dry basis) of CO; in the outlet and

in the feed stream, respectively, and {;.4¢ is the total test time. The total sorption

capacity, q:.¢, can be calculated as:

_ BB, bt (4.2.2)

tot =
Msorp

where Fcl"ol2 is the molar flow rate of CO, fed to the sorption column and mg,,, iS

the mass of sorbent after calcination (cK-HTCGa MW). The amount of CO; in
the bed interparticle voids was found to be negligible. Blank experiments were
performed in the same operational conditions as in Table 4.2.1, but replacing the
sorption column with a 1/8" tube. In this way it was possible to determine the
setup tubing space time, to correct both breakthrough and stoichiometric times
and thus the total sorption capacity.

The sorbent bed usage efficiency (n) was calculated as:

¢ yout
[ (1 COZ) dt

(%) = 2 x 100 = O x 100 (4.2.3)
qtot fottest<1 YC02>dt
co,

where g, is the sorption capacity until the breakthrough.
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4.2.3 Results and discussion

4.2.31 Physicochemical characterization

4.2.3.1.1 TG/DTG/DSC analysis
Fig. 4.2.2 shows the TG/DTG/DSC profiles for sample fK-HTCGa MW. A

total mass loss of 44% was observed, with three DTG peaks below 650 K and a
less pronounced peak slightly above 1000 K. The first peak at 378 K should
correspond to the removal of H,O adsorbed on the external surface of the
crystallites. As the temperature is increased, a series of partially overlapped
peaks is recorded, which are usually ascribed to removal of water (from
condensation of hydroxyl groups from the brucite-like layers) and of CO, from
decomposition of the interlayer carbonate anions [26, 27]. The final peak above
1000 K could be possibly related to removal of residual carbonate anions
trapped firmly in the calcined material [28]. Another possibility is that this peak
is associated to the decomposition of bulk K,CO3; deposited on the surface of
the material [29]. Based on this and on the findings of Reddy et al. [23] regarding
the optimum calcination temperature, 673 K was used as the calcination
temperature. Moreover, isothermal TG at this temperature showed that two
hours of calcination are enough (see Appendix D, Fig. D.1), as mass loss is
negligible for prolonged calcination times.

The analysis of the DSC profile clearly confirms the presence of the four
already identified mass losses (TG), also identified as DTG peaks, and indicates
that these mass losses are endothermic processes. Moreover, the amount of
energy required for each species removal seems proportional to the mass loss

as both DTG and DSC curves are approximately mirrors of each other.

207



Chapter 4.2

100 1 3

80 0 2
Im. \T
c
@ 60 £ 4 £
2 -1%. 2
o Tendo = =4
X 40 ord o
21 &

L0
20+ L1
0 3 Lo

L T u T L T E T E T : T u T u T E
300 400 500 600 700 800 2900 1000 1100
Temperature / K

Fig. 4.2.2 - TG/DTG/DSC profiles for sample fK-HTCGa MW.

4.2.3.1.2 PXRD
The PXRD pattern of fK-HTCGa MW in Fig. 4.2.3 is clearly in line with the

typical pattern observed for a hydrotalcite structure. The high intensity and
sharpness of the (003) peak recorded right after 10° shows how highly crystalline
the fresh sample is. For the calcined (cK-HTCGa MW) and used (after CO-
breakthrough experiments; uK-HTCGA MW) samples this peak, as well as most
of the characteristic peaks of the layered double hydroxide structure, disappeatr;
this is attributed to the calcination at 673 K and the cyclic sorption-desorption
tests at the same temperature that completely disrupt the crystalline layered
double hydroxide structure into amorphous oxides, as suggested by the TG
analysis and in previous works as well [8, 21, 30].

For both the calcined and the used samples, very similar PXRD patterns
were recorded, the observed peaks corresponding mostly to MgO and small
amounts of K,COs. The presence of the rock salt structure of MgO is proved by
the presence of diffraction maxima recorded at approximately 32.7, 43.2 and
62.5 °. The other weak peaks might be associated to the presence of K,COs. As
observed in a previous work [8] no diffraction maxima related to Al- or Ga-

containing species is observed. This probably means that these cations became
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dispersed in a defective rock salt structure or even formed dispersed non-
crystalline spinel-like domains [31]. By comparing the patterns for both the
calcined and the used samples a slight sharpening of the maxima is observed
for the last sample. This is probably related to the fact that the use of this material
on multiple dry and wet sorption-desorption cycles led to a slight increase in the
crystallinity of the particles, as the heating time is markedly increased from the
calcined to the used sample. In fact, it has been recently observed the

occurrence of sintering at similar temperatures for MgO-based salts [32].

5000
4000 - uK-HTCGa MW
o
o
Y 3000
%“ cK-HTCGa MW
o 2000
=
1000 fK-HTCGa MW
0 T T T T T T T
0 10 20 30 40 50 60 70

Diffraction Angle / 26 Cu Ka

Fig. 4.2.3 - PXRD patterns of samples fK-HTCGa MW, cK-HTCGa MW and uK-HTCGa
MW.

4.2.3.1.3 Physical adsorption of nitrogen at 77 K

For the determination of the specific surface areas (Table 4.2.2),
adsorption-desorption isotherms of N, at 77 K were recorded for the three

samples.
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Table 4.2.2 - BET specific surface areas of the different samples determined by physical
adsorption of N2 at 77 K.

Sample Sger I m2g1
fK-HTCGa MW 28
cK-HTCGa MW 20
ukK-HTCGa MW 8

Type |l isotherms (IUPAC classification [33]) were observed for all the
samples (Fig. 4.2.4; the scale in Fig. 4.2.4 (c)) is different as the observed slight
hysteresis might be important), meaning that these materials are
macroporous/mesoporous solids. The existence of micropores can be neglected
since their volume is very low. In terms of BET specific surface areas, the fresh
material (fK-HTCGa MW) already possesses a rather small surface area, as
shown in Table 4.2.2. Calcination to prepare sample cK-HTCGa MW reduces
the specific surface area by 28 % (similar to that obtained in our previous work
[8]). For a pure hydrotalcite an increase of BET surface area with calcination
would be expected. However, it is not expected that the hydrotalcite here used,
which suffered several modifications (e.g. Al substitution by Ga and K
impregnation) and high temperature thermal treatment, behaves as a pure
hydrotalcite. It is possible that sintering has occurred during calcination at 673 K
[32], justifying the surface area decline. Multiple CO, sorption-desorption cycles
caused a considerable decrease in the BET surface area. This finding can be
partially related to the slight increase in the crystallinity suggested by the PXRD
diagrams, and so it can be also related to the significant morphological changes
observed by SEM in the uK-HTCGa MW sample that are discussed below. Also,
multiple high temperature sorption-desorption cycles might have given rise to

fragmentation and blocking of the pores, which is supported by the SEM/EDS
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results for uK-HTCGa MW. Furthermore, the above-mentioned sintering might

have kept occurring up to higher extent.
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Fig. 4.2.4 - Adsorption/desorption isotherms of nitrogen over samples (a) fK-HTCGa
MW, (b) cK-HTCGa MW and (c) uK-HTCGa MW.

4.2.3.1.4 FTIR

To further understand how calcination and CO;

sorption/desorption cycles structurally affected the hydrotalcite structure, the

multiple

three samples were studied by FTIR spectroscopy (Fig. 4.2.5). The spectra in
the 4000-1000 cm™ are rather similar to each other. The band recorded above
3000 cm™ (3140 and 3440 cm™) corresponds to the stretching mode of hydroxyl
groups; this band is very broad because of the hydrogen bonds established
between these surface hydroxyl groups and the water molecules, both in the
interlayers and adsorbed on the external surface of the crystallites. There is a
small difference, as the spectrum for the original sample shows a shoulder

around 2927 cm™® which has been ascribed [34] to the stretching mode of
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hydroxyl groups hydrogen bonded to the interlayer carbonate anions; as these
anions are absent in the other two samples, the shoulder is missing in their
spectra. The weak feature around 2500-2200 cm™ (2320 and 2427 cm?) is due
to the miscancellation of the band due to atmospheric CO,. The medium intensity
band close to 1630 cm™ (1640 cm™ for both calcined and used sample) is due
to the bending mode of water molecules, and the intense band at ca. 1370 cm*
is due to mode vs of carbonate species. It should be stressed that carbonate
species are not expected to exist in the calcined and used samples, but because
of the strong basicity of these solids, their exposure to atmosphere has probably
led to sorption of CO, from the air, forming adsorbed CO3? species responsible
for this band; this phenomenon would obviously account for the bands due to

the hydroxyl groups and water molecules recorded in the spectra of the calcined
and used samples.

1 —fK-HTCGa MW
| —— cK-HTCGa MW
70{ —— uK-HTCGa MW

Transmittance / %

0 : :
4000 3500 3000 2500 2000 1500 1000 500

Wavenumber / cm” 1

Fig. 4.2.5 - FTIR spectra of the three samples.

Below 1000 cm™ some differences can be found. This is very important,
as these bands (557, 660, 790, 830 and 867 cm™) are mostly due to vibrations
involving metal-oxygen bonds, and the structure and spatial disposition of these
bonds is very different in the hydrotalcite structure and in the oxides formed upon
calcination.
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A very sharp band is observed at 1385 cm™ and is ascribed to the
presence of nitrate impurities, ascribed to the KBr used to prepare the discs to

record the spectra (also seen in blank discs containing only KBr).
4.2.3.1.5 SEM/EDS

SEM/EDS analyses of the three samples were carried out (Fig. 4.2.6) to
further assess how calcination at 673 K and long term sorption/desorption cycles
(around 300 hours) affected both surface morphology and its elemental

composition.

Fig. 4.2.6 - SEM images of samples (a) fK-HTCGa MW, (b) cK-HTCGa MW and (c) uK-
HTCGa MW.

Three distinct zones were observed in the fK-HTCGa MW sample: large flat
surfaces (Z1), irregular shaped zones (Z2) and needle-like structures (Z3).
Those zones had already been identified in our previous work [8]. In the calcined
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sample, cK-HTCGa MW, only zones Z1 and Z3 were found, while Z2 was
absent, as previously found [8]. Finally, after the sorption experiments (sample
uK-HTCGa MW), only Z1 was observed. Regarding the potassium rich needle-
like structures (Z3), even though they are not found in the surface of the material,
as observed in previous works [2, 21, 35], they can be noticed under the surface
structures. In a previous work [8] it has been observed that the morphologies
found on this material after dry CO, sorption (Z1, Z2 and Z3) are considerably
more shape defined than the one found in this work on the same material but
after wet CO; sorption, thus suggesting that the presence of steam significantly
influenced the material surface morphology. In fact, the surface morphology that
was dominant in uK-HTCGa MW, Z1, was highly rich in potassium, as observed
by EDS (not shown).

In order to further understand the changes that the material underwent in
terms of elemental composition, EDS elemental distribution maps were obtained
for K, Mg, Al, Ga and O and are shown in Fig. 4.2.7.

By analyzing the oxygen maps (red) for the three samples, it can be
observed that some areas are brighter than others and also that there are some
completely dark areas. Since oxygen is all over the sample, the different
intensities of red must be associated to something else. If it is considered that
the EDS detector is not positioned exactly above the sample but in one of the
corners of the analysis chamber and that the oxygen X-ray photons, produced
through the interaction of the electron beam with surface oxygen, have relatively
low energy, than it can be understood that the oxygen X-ray photons in the lower
regions will not have enough energy to pass through the higher surfaces and
reach the detector. On the other hand, the higher the region in which these
photons are produced the lower the probability that they will have to go through
other surfaces before reaching the analyzer. Therefore, the differences in

brightness can be attributed to surface topography of the analyzed region for
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each sample: the darker areas correspond to deeper regions while the bright red

areas correspond to the higher regions, closer to the detector.

a) b) c)

Fig. 4.2.7 - EDS elemental distribution maps (127 x 99 um) of oxygen (a-c), potassium
(d-f), gallium (g-i), magnesium (j-I) and aluminum (m-o) for samples fK-HTCGa MW (first
column), cK-HTCGa MW (second column) and uK-HTCGa MW (third column).

The distribution of potassium across the surface is not homogeneous,

especially in the fresh sample, as it had already been observed above and in
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other works [2, 8, 21]. This might be related to hon-homogeneous potassium
impregnation. As it can be seen, the fresh sample shows poorer potassium
distribution with high concentration in specific regions (brighter pink zones). On
the other hand, a better surface potassium distribution is observed after
calcination. Moreover, after wet sorption tests it appears that the hydrotalcite
surface is covered by layers especially rich in potassium (the zones that are even
brighter than in the calcined sample). Something very similar seems to happen
to gallium. However, gallium is much better distributed in the fresh sample than
potassium, probably because it was co-precipitated during synthesis instead of
being impregnated after the material had been prepared. Since gallium X-ray
photons are much more sensitive to surface topography than those of
potassium, the surface topography has to be especially taken into consideration
for this case. In fact, most of the dark regions identified in each sample for
oxygen mapping can also be observed for the respective gallium maps. This can
also be observed for both magnesium and aluminum, whose X-ray photons have
similar energies. Therefore, the darker regions in the maps of these elements do
not necessarily indicate the absence of those elements but the non-detection of
their respective X-ray photons due to surface topography. Regarding
magnesium and aluminum, they seem to be more homogeneously distributed
(considering topography) in both the fresh and the calcined samples than
potassium and gallium. Once again, this might be due to the fact that they co-
precipitated during preparation. Nevertheless, variations in the Mg/(Al+Ga) ratio
were quantitatively observed meaning that even co-precipitation did not occur
homogeneously, as reported elsewhere [2, 8, 21]. After wet sorption tests, lower
amounts of both magnesium and aluminum seem to exist. However, this may
not be associated to a loss of these elements but instead to the mentioned partial
surface rearrangement and coverage of those by the potassium and gallium rich

layers.
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4.2.3.2 CO; breakthrough experiments

4.2.3.2.1 Dry conditions

Several sorption-desorption tests were performed over the cK-HTCGa MW
sample for ca. 300 hours. The first set of experiments was carried out under dry
conditions at 673 K, 15 vol% of CO; balanced with N, and total pressure of 6
bar, and consisted of several cycles in order to lead the sorbent to reach its
sorption working capacity. Although eleven stabilization cycles were carried out
(see also Table 4.2.1), a stable sorption capacity was already reached after 7-8
cycles (Fig. 4.2.8 (a)). After these eleven cycles, other conditions were tested
and in order to verify if the sorption working capacity remained constant, further
stability verification cycles were performed. As observed in Fig. 4.2.8 (a), a slight
loss of sorption capacity was observed between the 11" cycle and the first
verification cycle. During the second and third verification cycles there is a small
recovery of the sorption capacity, although total recovery was not reached. In
the fourth verification cycle a very similar capacity is observed meaning that no
further deactivation was sustained during the lower temperature tests (see
discussion below).

The temperature profiles for the several sorption-desorption cycles (see
Appendix D, Fig. D.2) are coherent with the evolution of the sorption capacity
throughout the several cycles since the higher the sorption capacity, the higher
the maximum temperature. Moreover, these profiles show that regeneration of
this sorbent is considerably slower than sorption. This had already been
foressen in a previous work [8] due to the high steepness of the equilibrium
isotherm measured for this material and the consequent highly dispersive
regeneration front. For this reason atmospheric pressure was always used

during regeneration (pressure swing in this case).
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1.4
a
) 1 m  cK-HTCGa MW: stabilization cycles
124 v cK-HTCGa MW: stability verifications cycles
A 1 o K-MG30: stabilization cycles

00+——"T—T—7T—"

0 2 4 6 8‘110‘1‘2‘1‘4{1‘6'1‘8'2‘0‘
Experiment
b) 1.0+ N T L LN I LA 1 [|
0-8_ fll .
N " . Exp. 1 (Cycle 1)
<8061 " . Exp. 2 (Cycle 2)
:%N ] - . Exp. 3 (Cycle 3)
B 804 - Exp. 11 (Cycle 11)
0.2 .-
0.0 - e .\ T T T T T T T T
0 1 2 3 4 5

Time / min

Fig. 4.2.8 - Stability analysis at 673 K, 15 vol% CO: balanced with N2, under dry
conditions and total pressure of 6 bar (a) in terms of sorption capacity for both cK-HTCGa
MW and commercial K-MG30 and (b) in terms of breakthrough curves obtained during
the stabilization cycles for cK-HTCGa MW.

The breakthrough curves shown in Fig. 4.2.8 (b) are also in line with the
variation of sorption capacity during the stabilization cycles. The breakthrough
time decreased more significantly from the first to the second cycle, while a much
smaller decay was observed from the second to the third cycle. In fact, the
breakthrough curves obtained in these two cycles are almost coincident. For this
reason, besides these data only the breakthrough curve obtained in the last

stabilization cycle is shown. Even though a considerable decrease of the
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breakthrough time is observed between the third and the eleventh cycle, this
difference resulted from slight cumulative decreases during the seven
intermediate cycles. Moreover, a slight progressive increase of breakthrough
curve steepness can be noticed throughout the cycles.

For comparison purposes, tests under the same conditions were carried
out for the commercial K-MG30 material, used as reference. As it can be seen
in Fig. 4.2.8 (a), while c-KHTCGa MW showed a first cycle capacity of 1.23
mol'kg?, commercial K-MG30 only captured 0.63 molkg™ in the first cycle. On
the other hand, commercial K-MG30 reached its sorption working capacity faster
than cK-HTCGa MW. Moreover, K-MG30 lost around 34% of sorption capacity
between the first cycle and the last cycle while cK-HTCGa MW lost
approximately 44% during the first 11 cycles. Nonetheless, the sorption working
capacity for cK-HTCGa MW is approximately 65% higher than that of K-MG30.

The effect of the system total pressure during sorption was studied as well
in terms of both sorption working capacity and stoichiometric time. As it can be
seenin Fig. 4.2.9 (a) an increase in the total pressure increases both the sorption
working capacity and the stoichiometric time. This increase of the stoichiometric
time is also seen in Fig. 4.2.9 (b), where it is observed that at higher pressures
the concentration front started exiting the reactor progressively later. Moreover,
at higher pressures the concentration front became steeper, especially in the
breakthrough tail region (above 1.5 min).

On the other hand, an increase of the CO, content in the feed (at 1.3 bar)
also leads to an increase of the sorption working capacity but to a decrease of
the stoichiometric time (Fig 4.2.10 (a)). This is also observed in Fig. 4.2.10 (b),
being that this increase of the stoichiometric time with decreasing CO. contents
in the feed is accompanied by the dispersion of the concentration front, especial
at 5 vol%. Since the sorption equilibrium of cK-HTCGa MW is described by a
favorable isotherm [8], the decrease of CO; content corresponds to an increase

of the isotherm slope.
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Fig. 4.2.9 - Effect of total pressure (experiments 11-13) on (a) the sorption working
capacity and stoichiometric time and on (b) the breakthrough curves of cK-HTCGa MW
at 673 K, 15 vol% CO:2 balanced with N2 and under dry conditions.

Therefore, according to DeVault’s equation [36], lower CO; contents imply lower
concentration front velocities and, consequently, higher breakthrough (or
stoichiometric) times and more dispersed concentration fronts, as can be seen
in Fig. 4.2.10 (b). At higher total pressures the concentration front takes more
time to reach the column outlet, as already discussed. Therefore, increasing the
partial pressure of CO, during sorption leads to different results depending on

the method used (increasing the total pressure of the system or increasing the
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concentration of CO: in the feed stream), as previously observed [18]. The

temperature profiles for these tests (see Appendix D, Fig. D.3 and D.4) are in

line with the behavior observed for these runs, i.e., the higher the sorption

capacities, the more significant will be the temperature increase.
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Fig. 4.2.10 - Effect of CO2 content (experiments 13-15) on (a) the sorption working
capacity and stoichiometric time and on (b) the breakthrough curves of cK-HTCGa MW
at 673 K, 1.3 bar and under dry conditions.
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After these tests at lower total pressures and lower CO, contents
(experiments 12-15), three verification cycles at 673 K, 15 vol% of CO; balanced
with N, total pressure of 6 bar and under dry conditions (experiments 16-18)
were performed; it was observed that deactivation of the sorbent had occured
(Fig. 4.2.8). Since the CO; capture that occured during these last 4 tests at lower
total pressures and lower CO. contents was considerably lower than that
observed during the last stabilization cycles at 6 bar, this deactivation cannot be
attributed to a higher CO, coverage of the hydrotalcite active sites. However, it
might be related to the different CO, sorption dynamics that might take place at
lower total pressures and/or lower CO; contents. A fourth verification test
(experiment 21) was carried out after the different temperature tests and a
sorption capacity very similar to those obtained during the previous verification
cycles was observed. Therefore, it can be concluded that varying the sorption
temperature did not cause any further deactivation.

On the other hand, varying the temperature did affect both sorption
working capacity and breakthrough/stoichiometric time as it can be observed in
Fig. 4.2.11. For total sorption pressure of 6 bar, higher temperatures led to higher
CO; capture and stoichiometric times, in agreement with the respective
temperature profiles (Appendix D, Fig. D.5). In this case, the breakthrough
curves are practically parallel during the full duration of the test (Fig. 4.2.11 (b)).
In terms of sorption capacity tendency, these results are in line with other reports
in the literature for similar materials in similar temperature ranges [2, 3, 37].
Since regeneration was always performed at 673 K for 8 h, these variations in

CO; uptake are only due to the variation of temperature during sorption.
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Fig. 4.2.11 - Effect of temperature on (a) the sorption working capacity and
stoichiometric time and on (b) the breakthrough curves of cK-HTCGa MW at 15 vol% of
CO2 balanced with Nz, under dry conditions and at total pressure of 6 bar (experiments
19-21).

4.2.3.2.2 Wet conditions

The beneficial effect of steam on the performance of hydrotalcites during
CO; capture has been reported in the literature [17-20]. For this reason and in
order to better assess its effect with cK-HTCGa MW, breakthrough tests under
different steam contents were performed and both CO, sorption capacity and

stoichiometric time were compared.
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Before the short breakthrough tests (15 min of sorption and 30 min of
regeneration) under wet conditions and for comparison reasons, equally short
dry breakthroughs (experiments 23-26) were carried out. From data in Fig.
4.2.12 it can be observed that an increase of the steam content up to 10 vol%
considerably enhances the performance of cK-HTCGa MW by increasing the
stoichiometric time and consequently the sorption capacity, a conclusion that
can be also reached from the corresponding temperature profiles (see Appendix
D, Fig. D.7). Even only 5 vol% of steam already increased the sorption working
capacity in almost 90%. When 10 vol% of steam was used the sorption working
capacity further increased 60% approximately, resulting a total increase of 200%
in the sorption capacity when 10 vol% of steam was used instead of dry
conditions. In fact, the CO, sorption capacity attained with 10 vol% of steam
during the 45 minutes cycles is very similar to those attained during the last 4
hours stabilization cycles performed at the beginning of the experimental
campaign under dry conditions (experiments 8-11), 0.7 molkg®. However,
besides the considerable difference in cycle duration, wet desorption was
performed at 6 bar instead of 1.3 bar for practical reasons. For the dry conditions
it would probably be negative to regenerate the sorbent at 6 bar since it would
make the process even slower. However, in the presence of steam it may not be
completely true. It has been observed in previous works [20, 38, 39] that some
sorption sites can only be regenerated in the presence of steam since the
strongly bonded bidentate carbonate species can only be removed through
hydroxylation. Therefore, even if higher regeneration pressures slowed down the
removal of CO; that normally occurs under dry conditions, it probably
accelerated the hydroxylation of the sites, during wet desorption, where strongly
bonded carbonates where formed. From this point of view, to perform wet

regeneration at 6 bar could have been positive.
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Fig. 4.2.12 - Effect of H20 content during both sorption and regeneration on the CO:
sorption working capacity and stoichiometric time of cK-HTCGa MW after 6 cycles at
673 K, 6 bar and 15 vol% of CO2 balanced with N2 (experiments 26, 33, 38 and 45).

A final consideration about these results having in mind the SEM/EDS
analysis performed might be helpful. As observed, uK-HTCGa MW showed
different surface morphologies and surface elemental composition. Specifically,
a mobilization of potassium and gallium to the sorbent surface took place,
leading to partial coverage of magnesium and aluminum. These changes that
occurred during the experimental campaign are likely to be mainly attributed to
the use of steam, as observed elsewhere [35], since previously [8] studied dry
CO. sorption over this same material did not result in such morphological and
compositional surface changes. Therefore, these phenomena suggest a
changing in the accessibility of CO; to the different active sites. In other words,
sites that were previously of more difficult access to CO, might have become
more accessible and vice versa. This could have implications in terms of sorption
capacity and sorption kinetics, which could have contributed to the higher CO

capture under wet conditions.
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4.2.3.2.3 Bed usage efficiency

Knowing which conditions allow the maximization of bed usage is of great
importance as well [25]. In other words, it is relevant identifying the conditions
that maximize the amount of captured CO. before breakthrough, highly
important for continuous operation processes such as sorption-enhanced
processes [40], relatively to the total amount of CO; that might be retained (Eq.
(4.2.3)). This ratio will be higher under conditions that allow steeper
concentration fronts, meaning narrower mass transfer zones [25]. The bed
usage efficiency was calculated for the tests performed under dry conditions and

it is included in Fig. 4.2.13 by the same order as in Table 4.2.1.
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Fig. 4.2.13 - Bed usage efficiency for the several sorption tests performed under dry
conditions on sample cK-HTCGa MW (meaning of symbols as in Figs. 4.2.8-11).

A bed usage of 55% was obtained during the first sorption cycle on sample
cK-HTCGa MW, increasing to 60-70% during the following stabilization cycles.
Even though the breakthrough time during the first cycle is considerably higher
than in the subsequent stabilization cycles, as observed in Fig. 4.2.8, the post-
breakthrough curve is more extended as well and that is the reason for the
slightly lower bed usage efficiency. As for the stabilization cycles (i.e., until

experiment 11), a progressively slight decrease in efficiency is observed, as the
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breakthrough time decreases more than the mass transfer zone width
(stoichiometric time). Regarding the stability verification cycles (runs 16-18 and
21), they showed very similar bed usage efficiencies.

As already discussed, when the total pressure is decreased (experiments
12-13) the mass transfer zone becomes broader, and consequently the bed
usage efficiency drops significantly down to 37% at 1.3 bar. The progressively
more extended breakthrough tails observed with decreasing total pressures
(above 1.5 min in Fig. 4.2.9 (b)) were the main responsible for this broadening
of the mass transfer zone and consequent decrease of bed usage efficiency.
Regarding the CO; content (experiments 14-15), it did not affect significantly the
sorbent bed usage, as lower CO; concentrations result not only in longer
breakthroughs but also in a more dispersed concentration fronts (Fig. 4.2.10 (b)).
Finally, efficiencies for different temperatures at 6 bar were determined as well,
being that a progressive increase with temperature (experiments 20, 19 and 21,
in order of increasing temperature) from around 56% up to around 64% was
observed. In this case, as already mentioned, this difference is mostly
associated to the increasing breakthrough times with higher temperatures and
much less associated to differences in terms of mass transfer zone width.

Finally, the effect of steam on the efficiency of bed usage was studied as
well. However, since the duration of these sorption cycles was only 15 minutes
these efficiencies are only comparable among themselves and not with the
efficiencies obtained during the 4 h dry cycles. It was observed that higher bed
usages can be obtained under wet conditions. While under 5 vol% H,O the bed
usage efficiency varied between 55-58%, under 10 vol% H.O efficiencies
between 68-78% were attained. This means that the relative amount of CO, that
is retained before the breakthrough increases in the presence of steam. The
higher sorption capacities measured under wet conditions would mean a higher
slope of the isotherm for the same CO; concentration, thus resulting in a lower

compression of the concentration front and lower bed usage efficiencies. The
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opposite trend is observed for the efficiency. Considering once more the surface
structural changes observed by SEM/EDS, these changes might have resulted
in a higher fraction of fast CO, sorption, which would result in a compressed
concentration front, leading, consequently, to the higher bed usage efficiencies
observed under wet conditions. In any case, this would only be known for sure

if a deeper mechanistic analysis was done.

4.2.4 Conclusions

It was observed for the first time that cK-HTCGa MW presented a sorption
working capacity 65% higher than that of K-MG30 and of most hydrotalcites
reported in the literature. As expected, higher total pressures allowed to reach
higher sorption working capacities and stoichiometric times. Moreover, they also
allowed the compression of the concentration front, which resulted in higher bed
usage efficiencies. Lower CO, concentration in the feed resulted in lower
sorption capacities. Also, the increase of both breakthrough time and mass
transfer zone counterbalance each other and the bed usage efficiency remains
practically constant regardless the concentration of CO, fed to the sorption
column.

On varying the sorption temperature between 573 K and 673 K at 6 bar it
was clear that higher temperatures led to higher sorption capacities and
stoichiometric times. Regarding the bed usage efficiency, it decreased linearly
with the decrease of temperature. Thus, it was shown that operating at 673 K
was benefitial for CO, sorption over cK-HTCGa MW.

Finally, it was observed for the first time that cK-HTCGa MW benefits from
the presence of H,O during both sorption and desorption in terms of sorption
capacity and stoichiometric time. Compared to dry conditions, the use of 5 vol%
and 10 vol% H,O increased the sorption capacity ca. 90% and 200%,

respectively. A sorption working capacity of 0.73 mol'kg™? was obtained in the
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presence of 10 vol% H-0, which is outsanding considering that wet sorption-
desorption cycles only lasted 45 min, 15 min of sorption and 30 min of
regeneration. The presence of steam even enhanced the bed usage efficiency,
which might be associated to the mechanism of CO; capture on sample cK-
HTCGa MW under wet conditions; it is also possible that these wet conditions
during sorption favor the fast sorption of CO; in detriment of the slower CO;
retention. In fact, EDS elemental distribution mapping showed that both
potassium and gallium were mobilized towards the sorbent surface under wet
conditions, which made these basic sites more easily acessible.

It can be concluded that cK-HTCGa MW is significantly advantageous in
several aspects when compared to commercial materials, being the most
notorious one its remarkable sorption capacity. Furthermore, it is very adequate
for pre-combustion CO, capture applications such as sorption-enhanced steam
reforming, as its multicycle performance is enhanced under high pressures and
temperatures and even more in the presence of H.O, which are very common

conditions in this kind of processes.
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Chapter 5. Experimental Analysis of
Glycerol Steam Reforming for H, Production

This chapter includes the experimental assessment of glycerol steam
reforming. In subchapter 5.1 the glycerol steam reforming is studied in a
traditional reactor. In subchapter 5.2 both sorption-enhanced reactor and
sorption-enhanced membrane reactor are applied to glycerol steam

reforming.
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5.1 Low Temperature Glycerol Steam Reforming
Over a Rh-based Catalyst Combined with Oxidative
Regeneration
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¢ Low temperature GSR was combined with oxidative regeneration
of the Rh catalyst.

e Oxidative regeneration allowed almost full recovery of the catalytic
activity.

e Cyclic oxidative regeneration allowed to keep total glycerol

conversions above 99%.

e Superior H, production was observed when oxidative regeneration

was performed.
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A Rh on alumina catalyst was tested for glycerol steam reforming at
673 K, 4.5 bar and molar water/glycerol feed ratio (WGFR) of 19. Even
though a conversion of glycerol into carbon-containing gaseous products
of around 73% was observed at the beginning of the reaction, a
progressive deactivation was noticed afterwards, less than 40% of glycerol
being converted into carbon-containing gas products after 4 h of time-on-
stream. On the other hand, the total glycerol conversion remained above
99% during the same period, thus indicating the increasing formation of
coke and/or liquid products over time. The total glycerol conversion started
to decrease more pronouncedly only after 6 h, reaching a value of
approximately 92% after 13 h. SEM/EDS analysis of the used catalyst
showed the presence of carbon deposits, Raman spectroscopy evidencing
the dominant presence of ordered carbon, probably graphitic. Therefore,
oxidative regeneration with air at 773 K was carried out. This temperature
proved to be enough to gasify all removable coke (according to
temperature-programmed oxidation results). After regeneration, almost
complete recovery of catalytic performance was observed. In fact,

maximum H, yields between 2.1 and 2.6 mol molrpy giyceror WETE

observed for the reaction cycles performed with intermediate oxidative
regenerations. By combining glycerol steam reforming with periodic
oxidative regeneration of the catalyst, superior average performance,
compared to the case where no oxidative regeneration was used, was

attained.

The contents of this chapter were adapted from: Silva, J.M., L.S. Ribeiro, J.J.M. Orfao,
M.A. Soria, and L.M. Madeira, Low temperature glycerol steam reforming over a Rh-

based catalyst combined with oxidative regeneration. Submitted for publication.
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5.1.1 Introduction

Worldwide glycerol production has been on a massively increasing trend
over the last decades and the main reason for that has been the global growth
of the biodiesel industry [1]. While in 1999 the main glycerol supplier was the
oleochemicals industry, in 2009 the biodiesel industry had become the main
glycerol supplier [2]. Biodiesel worldwide production went from 774 thousand
metric tons in 2000 up to approximately 30 000 thousand metric tons in 2016 [3],
representing an increase of almost 40-fold. The use of biodiesel-derived glycerol
not only has the potential of reducing society’s dependence on non-renewable
resources, as it would promote both commercialization and further development
of biodiesel production, as well as the development of integrated biorefineries
[4].

Hydrogen is a clean energy source whose demand is expected to greatly
increase in the future due to the technological advances in the fuel cell industry
[1], driven by the growing environmental concerns associated to the use of fossil
fuels; the amount of hydrogen that can be produced from glycerol is
considerable, as 1 glycerol molecule contains 8 hydrogen atoms. The use of
biodiesel-derived glycerol in H, production would not only benefit the economic
competitiveness of biodiesel, but would also be advantageous in several ways
when compared to the use of non-renewable feedstocks, such as methane or
naphtha. These advantages are not only environmental, but also processual.
While steam reforming of CH4 leads to the production of 4 moles of H, per mole
of reacted CHg, glycerol steam reforming (GSR) allows the generation of 7 moles
of H, per mole of converted glycerol. This process consists of 2 major steps:
glycerol decompoaosition into syngas — CO and H- (Eq. (5.1.1)) — followed by the
water-gas shift (WGS) reaction (Eq. (5.1.2)).

C3HgO; » 3CO+4H, (4H?%%K =251k]-mol™1) (5.1.1)
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CO+ H,0 = H,+ CO, (4H?98K = —41kJ-mol™1) (5.1.2)

The GSR process is therefore described by the global reaction shown in
Eq. (5.1.3).

C3HgO3 + 3H,0 — 7H, + 3CO, (AH2%8K =128 k] - mol™1) (5.1.3)

Methanation of both CO (Eq. (5.1.4)) and CO- (Eq. (5.1.5)) are probably
the main secondary reactions (apart from coke deposition), especially the one
making use of CO:

CO+ 3H, = CH, + H,0 (4AH?°8K = —-206k/-mol™1) (5.1.4)
CO, + 4H, = CH,+ 2H,0 (AH?°®K = —165kJ-mol™1) (5.1.5)

It is known from the literature [1, 5-8] that high temperatures (e.g. above
773 K) are normally more favorable for GSR.

The formation of coke during GSR is not so uncommon. Pompeo et al. [9]
observed the formation of heavy compounds such as 2-methyl-2-
cyclopentanone, phenol and 5-hydroxyl-2-methyl-1,3-dioxane, which could have
been formed by dehydration, hydrogenolysis and condensation reactions; these
compounds could have been coke precursors. On the other hand carbon-
containing gaseous products, such as CO, CO,; and CH4, can also be coke
precursors, according to Egs. (5.1.6-9) [10].

2C0=2C0,+C (AH?8K = —172kJ -mol™1) (5.1.6)
CH, = 2H, +C (4H2®K =75k] -mol™1) (5.1.7)
CO+ H,=H,0+C (AH?°8K = —131kJ-mol™1) (5.1.8)
CO, + 2H, = 2H,0 +C (AH?%8X = —90 k] -mol™1) (5.1.9)
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The use of Rh-based catalysts for GSR has only been reported in a few
works [5-7, 11-14]. Chiodo et al. [5] concluded that Rh/Al.O3 is more active and
stable during GSR than Ni-based catalyst. In other work, Senseni et al. [12]
observed a very similar behavior of a Rh/MgAI,O; catalyst in terms of catalytic
activity and stability during GSR. In this case, the Rh-based catalyst was found
to be more suitable for GSR than Pt, Ir and even Ru, on the same support. It has
been reported that the presence of Rh favors the gasification of carbon deposits
formed during GSR, due to its capacity to activate H,O [7]. Moreover, its
presence favors the conversion of glycerol into gas products at the expense of
liquid products [14]. However, since high temperatures and low pressures lead
to better GSR performance, these works focused mainly on temperatures above
773 K and atmospheric pressure. Therefore, in order to address that gap, a Rh-
based catalyst was tested at 673 K and 4.5 bar aiming also, in future works, to
test it in multifunctional reactors where such conditions are preferred or even
required for materials compatibility reasons (e.g. due to the use of hydrotalcites
for CO, capture and/or Hs-permselective membranes). The catalytic
performance was evaluated in terms of total glycerol conversion, gas products
generation, gas products yields and selectivities, and H purity. Moreover, the
formation of coke under such conditions was analyzed, and a coke removal

procedure to be used in parallel with GSR was carried out.

5.1.2 Experimental

5.1.2.1 Chemicals, gases and materials

Nitrogen (99.999%), reconstituted air (99.999%) and hydrogen (99.999%),
all from Linde, were used as carrier gas in the reaction tests, as oxidant agent

during temperature programmed oxidation (TPO) and oxidative catalyst
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regeneration, and as reducing agent during catalyst reduction, respectively.
Helium from Linde (99.999%) was used as carrier gas in the gas chromatograph.
An aqueous solution of glycerol (JMGS, 99.95%) with a molar water/glycerol
feed ratio (WGFR) of 19 was used in all reaction tests.

During all catalytic tests a Rh on rare earth promoted theta-alumina
catalyst supplied by Johnson Matthey was used. Inert silicon carbide (SiC, Alfa

Aesar) was adopted as catalyst bed diluting agent during all experiments.

5.1.2.2 Characterization of the materials

In situ (TPO) was carried out after a preliminary reaction run where 200
mg of catalyst were used. After the preliminary reaction run the system was
flushed with N2 and the reactor was cooled down to room temperature. Then 100
mLn-mint of reconstituted air passed through the catalyst bed and the reactor
was heated up to 1023 K at 10 K'min™™.

Scanning Electron Microscopy (SEM) coupled with Energy Dispersive
Spectroscopy (EDS) was performed in a FEI Quanta 400 FEG ESEM/EDAX
Pegasus X4M equipment. The analyzed samples were covered with an
approximately 10 nm thick conductive coating of PdAu through the sputtering
technique in a SPI module.

The Raman spectra were obtained using a Horiba Jobin-Yvon XploRA™
with 100x objective lens apparatus, equipped with an excitation wavelength of
532 nm from a Nd:YAG laser at a power of 25 mW and diffraction gratings with
1200 lines mm™. A density filter was used to avoid the thermal decomposition of
carbon by the laser. The incident beam perpendicular to the plane of the sample
was focused through the microscope lens, which also collected the Raman
scattered radiation in back-scattering geometry. A highly sensitive CCD camera

was used to collect the Raman spectra.
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5.1.2.3 Experimental setup

A stainless steel column (120 mm of height and 7.2 mm of inner diameter)
was attached to the experimental setup (Fig. 5.1.1), placed inside a tubular oven
(model Split from Termolab, Fornos Eléctricos, Lda.) divided in 3-zones, which
is equipped with a PID temperature controller (model MR13 from Shimaden).
The type-K thermocouples used to measure and control the oven temperature
were placed in each zone and in the same radial position of the oven and close

to the column wall.

_____ Legend:
| Preheating/ egen Mass-flow meter

I mixing zone | ™~ Checkvalve
v : ® Pressure sensor
_M_ Pressure-reducing regulator

co,

w " . ® Thermocouple
Back pressure regulator
P p 8!

@ Temperature controller
—¢- On-offvalve
_(/Q}_ Three way valve Coalescense filter
—* Needle valve Filter
@® Inert
[] Mass-flow controller
[ @ Catalyst

Heated tube ! Gas Chromatograph

Fig. 5.1.1 - Scheme of the experimental setup.

Nitrogen was fed by a mass flow controller (model F201 from Bronkhorst
High-Tec) while the glycerol agueous solution was fed by an HPLC pump (Eldex,
1LMP) and forced to pass through an evaporation/mixing zone at 623 K before
entering the reactor. The tube between the reactor outlet and the first Peltier
condenser was kept at 423 K. The pressure in the system was monitored by
means of two pressure transducers (model PMP 4010 from Druck) placed before

and after the reactor.
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During the reaction tests small samples of the dry outlet streams
containing Nz, Hz, CO2, CO and CH4 were periodically collected in a single loop
and the concentrations of the different gases were determined on-line in a gas
chromatograph (Dani, model 1000). The chromatograph was equipped with a
micro-TCD detector (VICI, model TCD-C-220) and a capillary column (Supelco,
carboxen 1010 plot). A system of two Peltier based cold-traps, a coalescence
filter and a filter was used between the reactor and the analysis system in order
to retain all condensable species. The condensed samples were collected
periodically and analyzed in terms of glycerol concentration by high performance
liquid chromatography in a chromatograph (Elite LaChrom HITACHI) equipped
with a refractive index detector. The liquid products were separated using an
Alltech OA-1000 ion exclusion column (300 x 6.5 mm), with a 0.005 mol-L*
H.SO. solution as mobile phase at a flowrate of 0.5 mL-min. Glycerol was
determined quantitatively based on the calibration curve of the standard
compound. The CO and CO: outlet concentrations obtained during TPO and
regenerative oxidation were monitored by an online infrared-based analyser

(Servomex, model 4210).

5.1.2.4 Catalytic tests

The stainless steel reactor, closed in both ends with two stainless steel
mesh (10-15 um) discs, was filled with 800 mg of catalyst (350-600 pm)
homogeneously diluted with SiC (241-559 um; 4.7 g). The reactor ends were
filled with SiC (inert material). Two type-K thermocouples inserted laterally and
radially centred were used with the aim of continuously monitoring the bed
temperature. The temperature profile along the column length under inert

atmosphere was uniform (differences < 1 K).
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Before the GSR tests, the reactor was heated up to the desired
temperature under N2 atmosphere (80 mLy-min?) and pressurized by means of
a back pressure valve up to 4.5 bar. When the pressure was stable,
0.1 mL-mint (WHSV of 7.8 h, excluding the inert) of an aqueous solution of
glycerol with a WGFR of 19 was fed to the reactor in order to minimize coke
formation. These experiments were carried out at 673 K and 4.5 bar. A blank
run, herein called Exp. 1, in which the reactor was filled with only SiC was carried
out for 4 h. Afterwards, three catalytic experimental runs were carried out. First,
a 13 h test was performed during two days (8 h in the first day and 5 h in the
second day), the catalyst bed being kept under N> atmosphere overnight (Exp.
2). The effect of both oxidative catalyst regeneration with air and catalyst
reduction with H> was evaluated in Exp. 3. The regenerative oxidation during
these tests consisted of flowing 100 mLy'min* of reconstituted air through the
catalyst bed at 773 K until no CO2 nor CO were detected (around 30 min).
Reduction was carried out by flowing 50 mLy-min of H, through the catalyst bed
at 773 K for 30 min.

The last test, here designated Exp. 4 and carried out using fresh catalyst,
consisted of a 16 h test carried out over 4 days, 4 h each day, being that after
each 4 h reaction the catalyst was kept under N, atmosphere overnight. Before
starting the next 4 h reaction, the reactor temperature was increased to 773 K
and regenerative oxidation of the used catalyst took place under 100 mLy-mint
of reconstituted air for 30 min. During regenerative oxidation the CO;, and CO
produced were measured by the online infrared based analyser described
above. After regenerating the catalyst the system was cooled back to 673 K and
flushed with N for another 30 min before starting the following reaction. These

experiments are summarized in Table 5.1.1.
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Table 5.1.1 - Catalytic tests performed at 673 K, 4.5 bar and WGFR of 19.

Mass of Frequency of
] Total o Frequency of
Experiment . catalyst oxidative .
Duration / h ] reduction
/ mg regeneration
Exp. 1 4 - - -
Exp. 2 13 800 - -
Every 6 h
Exp. 3 24 8002 At18h

exceptat 24 h

Every 4 h
Exp. 4 16 800 -
except at 16 h

a Catalyst previously used during 13 h in an experiment equal to Exp. 2 (not shown).

5.1.2.5 Process metrics

The conversion of glycerol during GSR was calculated in two different
ways: glycerol conversion into carbon-containing gaseous products (X; 445) and
total glycerol conversion (X¢rota1)- The conversion of glycerol into carbon-
containing gaseous products was defined as follows:

FESS + FES* + PGt

3 X Fi

Xg.gas(%) = X 100 (5.1.10)

where Fg5t, Fggt and Fgjt are the molar flow rates of CO,, CO and CH, at the

reactor outlet and FZ" is the molar flow rate of glycerol fed to the reactor. The

total glycerol conversion was calculated as:
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Ci;n _ é)ut
X6 rotar(%) = X 100 (5.1.11)

G
where F2"t is the molar flow rate of unreacted glycerol at the reactor outlet. The
yields of all gaseous products (Y;) and selectivities of carbon-containing gaseous

products (S¢,;) were defined as:

F_out
l
Y; = B (5.1.12)
F_out
Sci(%) = : x 100 (5.1.13)

out out out
Feo, + Fco + Fep,

in which i corresponds to H,, CO2, CO or CH4 in Eq. (5.1.12) and corresponds
to CO2, CO or CH4in Eq. (5.1.13). Regarding the selectivity of H, comparatively
to carbon-containing gaseous products(Sy, ), it was calculated according to Eq.

(5.1.14).

out

3
ix: X = x 100 (5.1.14)

500 = T e 7
2 4

where ngut is the molar flow rate of H, at the reactor outlet. The (3/7) factor is
related to the stoichiometry of the GSR reaction (Eq. (5.1.3)) in which 7 moles
of H, and 3 moles of CO, are ideally produced for each mole of reacted glycerol.
Finally, the purity (Pury,) of the produced H. was evaluated through Eq.
(5.1.15):

out
H,

Puer (%) = Y Fout
l

x 100 (5.1.15)
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where here i represents H,, CO,, CO and CH.. Dry basis was always considered
and N was not taken into consideration (used merely as diluting/inert species)
in all process metrics defined in this section. These definitions are identical to
those reported in several works in the literature on GSR [5, 8].

5.1.3 Results and discussion

5.1.3.1 Physicochemical characterization of spent catalyst

5.1.3.1.1 Temperature programmed oxidation

In order to determine if carbon deposits were formed on the catalyst during
GSR reaction, in situ TPO was performed, as described in section 5.1.2.2. The
molar fractions of both CO2 and CO produced in the combustion of deposited

coke as well as the temperature profile along time are presented in Fig. 5.1.2.
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Fig. 5.1.2 - Concentration profiles of CO2 and CO (inset) obtained during TPO of spent
catalyst under 100 mLn-min-* of reconstituted air.
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TPO confirms that coke deposition on the catalyst occurred during GSR.
Furthermore, most of the coke was converted into CO, and only a small amount
of CO was produced (see inset in Fig. 5.1.2). It was observed that coke deposits
are gasified between approximately 500 and 800 K, with a CO, peak maximum
at around 670 K. According to TPO results, regenerative oxidation of the catalyst

in subsequent runs was carried out at 773 K.

5.1.3.1.2 SEM/EDS

In order to better understand the changes that the catalyst went through
during reaction, namely in terms of formation of coke deposits, SEM/EDS
analyses were carried out. Even though the catalyst suffered visual changes in
terms of color, no major changes were observed in the SEM images between
the fresh and the used catalyst samples. Some localized morphological changes
were observed and are depicted in Fig. 5.1.3. As can be seen in Fig. 5.1.3 (a),
only poorly defined structures are observed in the fresh catalyst. However, the
used catalyst (Fig. 5.1.3 (b) and (c)) presented a different morphology in some
regions of its surface. This new morphology, more easily observed in Fig. 5.1.3
(c), is similar to a clearer capsule around some kind of darker nucleus. It was
concluded by EDS that these capsules are rich in carbon.

Since only small visual changes were detected by SEM, the surface of the
materials was analyzed by EDS with the aim of comparing their carbon content.
For the catalyst samples used during Exp. 2 and 4 (see section 5.1.2.4 with

further details), the carbon content was analyzed in three different regions.
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Fig. 5.1.3 - SEM images of (a) fresh catalyst and of (b,c) used catalyst.

The results are summarized in Table 5.1.2, taking into consideration that the
carbon contents obtained for the different samples were subtracted by the
average carbon contents obtained for the fresh catalyst (herein called additional
carbon contents). The results in Table 5.1.2 confirm once more the occurrence
of coke deposition on the catalyst during the experiments. Moreover,
considerably more coke was observed in the catalyst used in Exp. 2 than in the
catalyst used in Exp. 4. This was already expected as the first sample was
submitted to GSR for 13 h without oxidative regeneration, while the second
sample was regenerated with reconstituted air every 4 h, except after the last 4
h of reaction; therefore, most of the coke detected in the catalyst used in Exp. 4
was formed during the last 4 h of reaction.
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Table 5.1.2 - Average additional carbon contents and respective standard deviations
(wt%) obtained by EDS for the catalyst used in the different experiments.

Additional Carbon

Experiment
Content / wt%
Exp. 2 95+13
Exp. 4 45+0.3

5.1.3.1.3 Raman
Raman spectroscopy was used with the aim of better understanding the
structure of the formed coke. Fig. 5.1.4 shows the Raman spectra of the catalyst

used in Exp. 2 in the range of 1000-1800 cm.

Intensity / a.u.

1000 1200 1400 1600 1800
Raman Shift / cm'1
Fig. 5.1.4 - Raman spectra of the catalyst used in Exp. 2.

Two peaks were identified, the first centered around 1338 cm™, the so-called D
band, and the second at around 1588 cm, the so-called G band. The first is
normally associated to allotropic carbon forms, such as amorphous carbon,
defective filamentous carbon or carbon nanotubes, while the G band is

associated to the presence of ordered carbon [15-17]. This is supported by the
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relative peak width, since broader peaks are usually associated to less ordered
carbon structures [18, 19]. The ratio between the areas of both peaks (D/G) is
approximately 1.6, which suggest a predominant formation of amorphous carbon

structures in detriment of organized carbon deposits.

5.1.3.2 Steam reforming of glycerol tests

In order to understand how the Rh-based catalyst performs under GSR
reaction, three sets of experiments were carried out. However, before those
experiments a blank test in which the reactor was filled exclusively with inert SiC
took place. A change in colour from the fed aqueous glycerol solution
(colourless) to the liquid effluent (yellow) was clearly observed, meaning that
glycerol conversion into condensable products occurred. It has been reported
that such conversion occurs mainly through thermal decomposition of glycerol
[20, 21]. Moreover, according to some works [8, 22] a temperature as low as 673
K favors considerably the formation of such condensable products than higher
temperatures. Even though a thorough analysis of such products was not
undertaken, it is possible that condensable compounds such as acetol, acetone,
acrolein, acetaldehyde, acetic acid and allyl alcohol were formed [8, 21, 22].
However, the concentration of glycerol present in the condensed effluent was
analyzed and total glycerol conversions below 10% were observed. Still, none
of the converted glycerol or of the condensable products formed were steam
reformed and so gaseous products (Hz, CO2, CO and CHs) were not produced.

The evolution of both total conversion of glycerol and conversion of
glycerol into carbon-containing gaseous products over 13 h during Exp. 2 is
presented in Fig. 5.1.5. As can be seen, almost complete total conversion of
glycerol (above 99%) was obtained during the first reaction hours; in addition
approximately 60% of the fed glycerol was being converted into carbon-
containing gaseous products after the first hour of reaction. However, loss of

activity was observed throughout the experiment and although after 13 h of
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reaction more than 90% of glycerol was still being converted, the conversion into
carbon-containing gaseous products was only 22%. This means that the amount
of glycerol converted into condensable products and coke increased over time,
which was visually noticed in the liquid samples periodically removed. The
characterization of the used catalyst confirmed that carbon deposits were formed
during reaction (cf. section 5.1.3.1), thus becoming clear the reason for the loss
of the activity over time. Assuming that part of the gaseous products are not
formed directly from glycerol, but from intermediate liquids produced from
glycerol [7, 20], it could be that coke deposited preferentially on the active sites
that catalyzed the conversion of intermediate liquids into gaseous products. The
high loss of activity towards carbon-containing gaseous products could also be
associated to their direct conversion into coke (see Egs. (5.1.6-9)), which would
also target the active sites where gaseous products are generated. In fact,
Bobadilla et al. [20] mentioned that besides being formed from polymerization of
unsaturated carbonaceous species, carbon deposits can also be formed directly
from carbon-containing gaseous products through, mainly, CH4 decomposition
(Eqg. (5.1.7)) and CO disproportionation (Boudouard reaction — Eq. (5.1.6)).
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Fig. 5.1.5 - Evolution of both total glycerol conversion and glycerol conversion into
carbon-containing gaseous products during Exp. 2 (conditions provided in Table 5.1.1).
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The yields of H,, CO2, CO and CH4 are depicted in Fig. 5.1.6 (a). For all
four gases a decrease of the respective yield is observed throughout time, being

that after 1 h of reaction an H; yield of approximately 2 mol - molz glycerol Was

obtained.
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Fig. 5.1.6 - Evolution during Exp. 2 of (a) the yields of gaseous products, (b) the
selectivities towards carbon-containing gaseous products, (c) Hz selectivity and (d) H:
purity (conditions provided in Table 5.1.1).

Moreover, values of 1, 0.6 and 0.2 mol-molf‘e}ﬂglycerol were obtained for the

yields of CO, CO, and CHy., respectively. After 13 h these values decreased to
approximately 1.1 for Hz, 0.3 for both CO and CO; and below 0.1 mol-
molgy glycerol TOr CHa. It is worth noticing that CH4 was produced, meaning that
exothermic methanation occurred since low temperatures were used (see Eqgs.
(5.1.4-5)). Furthermore, the yield of CO was higher than that of CO. during

almost all the reaction time. This could be associated to WGS reaction inhibition.

254



Low Temperature Glycerol Steam Reforming Over a Rh-based Catalyst
Combined with Oxidative Regeneration

In other words, even though CO was produced during decomposition of glycerol
(Eqg. (5.1.1)), it was not fully converted into CO- through WGS (Eq. (5.1.2)). As
the reaction proceeded the yields of both CO and CO, became closer, mainly
due to CO vyield decrease, meaning that CO production via glycerol
decomposition probably started being more affected by catalyst deactivation
and/or CO was being converted into coke, for example by the Boudouard
reaction (Eq. (5.1.6)). Probably for this reason the selectivity towards CO»
increased over time while the selectivity of CO decreased (Fig. 5.1.6 (b)).
Furthermore, progressive inhibition of H.-consuming methanation was observed
over time, which could have contributed to the increase of H» selectivity (Fig.
5.1.6 ().

Finally, the purity of the dry gas stream in terms of H: is a very important
criterion when evaluating the efficiency of steam reforming processes. In this
case the purity of produced H; remained approximately constant throughout the
first 11 h of reaction and between 47-54% (Fig. 5.1.6 (d)), increasing to around
62% during the last 2 h. Even though the amount of H. produced decreased over
time, the production of the other gases decreased as well. The gradually lower
overall gas flow rate was induced by catalyst deactivation, and so avoiding such
deactivation to maintain a high glycerol conversion into gaseous products over
time is vital.

Therefore, regenerating the catalyst with air by burning the carbon
deposits could be a possibility for recovering the catalyst activity, as observed
by TPO and also done elsewhere in Ni-based catalyst for GSR [23]. However,
this procedure could oxidize the catalyst active phase and affect its catalytic
performance. The catalyst used in an experiment equal to Exp. 2 (not shown
here) was regenerated with air according to the procedure previously described
in section 5.1.2.4 (see also Table 5.1.1) and then GSR reaction was carried out
for 6 h. This procedure was repeated four times, being that the fourth repetition

also included exposure of the catalyst to a reducing atmosphere (H2), as
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previously described, after oxidative regeneration (Exp. 3). Regenerative
oxidation allowed a partial recovery of glycerol conversion into carbon-
containing gaseous products from 26 % (similar to Exp. 2; Fig. 5.1.5) up to 44 %
(data not shown). The following regenerations performed at 6 h and 12 h allowed
to keep very similar conversions, 42% and 39%, respectively, meaning that the
coke formed in the reaction periods 0-6 h and 6-12 h was almost completely
gasified during the respective oxidative regenerations. The oxidative
regeneration performed at 18 h was followed by exposure of the Rh-based
catalyst to reducing atmosphere (H2), as previously described, and the glycerol
conversion into carbon-containing gaseous products obtained afterwards was
approximately 35%. Therefore, it can be concluded that exposing the noble
metal catalyst to a reducing atmosphere did not affect the catalytic activity of the
material, as the slightly decreasing trend that was being observed for the
conversions into carbon-containing gaseous products after the previous
regenerations remained.

For this reason, another catalytic test (Exp. 4) was carried out for 16 h and
oxidative regeneration (without reduction) was performed every 4 h. Moreover,
since in Exp. 2 the first analysis was only done after 1 h of reaction time and
considering it is now known that the catalyst deactivates considerably, especially
during the first hours, analyses of the gas products were performed every 15
minutes during the first 2 h of reaction and every hour afterwards. The
conversion of glycerol into carbon-containing gaseous products as well as the
total conversion of glycerol over time are presented in Fig. 5.1.7. The total
conversion of glycerol remained above 99% during the first 4 h of reaction, which
is in agreement with the behavior observed in Exp. 2. As for the conversion into
carbon-containing gaseous products, the initial value was 73%; during the first
hour a decrease (absolute) of approximately 30% was observed and in the
subsequent 3 h a further decrease smaller than 15% occurred. Afterwards,

oxidative regeneration was carried out as already described. After regeneration,
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another 4 h cycle was performed and the initial conversion into carbon-
containing gaseous products was very close to that obtained at nearly the same

reaction time in the first cycle.
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Fig. 5.1.7 - Evolution of both total glycerol conversion and glycerol conversion into
carbon-containing gaseous products during Exp. 4 (conditions provided in Table 5.1.1).
The vertical solid lines represent the moments at which oxidative regeneration with air
during 30 min was performed.

In fact, the oxidative regeneration was so effective that the initial conversion to
carbon-containing gaseous products was 67% and 72% in the third and fourth
cycles, respectively. As for the conversion into carbon-containing gases after 4
h of reaction, very similar values were obtained compared to that observed in
the first cycle. Moreover, the total conversion of glycerol was higher than 99%
during all the reaction time. This means that the oxidation procedure used
allowed approximately complete removal of the coke deposits formed during the
4 h reaction runs, restoring the catalytic performance.

The concentrations of CO, and CO produced during the oxidative
regenerations along Exp. 4 are depicted in Fig. 5.1.8 and, upon integration, the
amounts of gasified carbon in the three oxidative regenerations were obtained,

and are summarized in Table 5.1.3.
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Fig. 5.1.8 - Evolution of CO2 and CO concentrations during oxidative regeneration
performed at 773 K during Exp. 4 at the end of (a) 1st cycle, (b) 2" cycle and (c) 3" cycle.

Table 5.1.3 - Amount of carbon deposited on the catalyst used in Exp. 4 that was gasified

during each oxidative regeneration.

Oxidative

Gasified carbon

regeneration at the

end of / h Imgc: gea
1st cycle 74.1

2 cycle 68.8

3 cycle 70.2
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As can be seen from Table 5.1.3 the amount of carbon gasified was very
similar for the three regenerations; only a slightly higher amount of carbon
deposits seems to have been removed in the first regeneration.

During the three oxidative regenerations along Exp. 4, temperature
increase in the reactor due to heat release was observed, and maximum
temperatures between 856 and 889 K were observed (Fig. 5.1.9). According to
Fig. 5.1.2, these temperatures assure complete coke gasification. Since
probably there was coke being burned across all bed, it means that heat was
accumulating at higher reactor lengths and that is why the temperature peak at
80 mm was higher than that at 40 mm.
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Fig. 5.1.9 - Temperature histories at 40 and 80 mm of the reactor length obtained during
the oxidative regenerations performed during Exp. 4 at the end of (a) 1%t cycle, (b) 2
cycle and (c) 3 cycle.
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Coming back to Exp. 4, it is worth noting that an increase of the H, yield
(Fig. 5.1.10 (a)) was observed during the first 30 min of reaction, a maximum

value of approximately 2.3 mol - molg4 glycerol D€ING Observed at that time.
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Fig. 5.1.10 - Evolution during Exp. 4 of (a) the yields of gaseous products, (b) the
selectivities towards carbon-containing gaseous products, (c) Hz selectivity and (d) H:
purity (conditions provided in Table 5.1.1). The vertical solid lines represent the moments
at which oxidative regeneration was performed.

Afterwards, the amount of H, produced started decreasing during the reaction
period of 4 h. After oxidative regeneration the yield of H, started increasing,
reached a maximum of 2.1 mol - molg glycerol @nd then decreased again until
the end of the reaction. Besides the similar H; yield maximum obtained in the
second cycle, the tendency after the maximum is very similar to that observed
in the first cycle. The initial increase in H: yield after regeneration was also

observed for the third and fourth reaction cycles, but the maximum was reached
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even more rapidly than in the second reaction cycle. On the other hand, the

maximum H; yield obtained increased from approximately 2.1 mol - molgy glycerol
in the second cycle to approximately 2.3 mol - molg.} glycerol IN the third cycle and
then to around 2.6 mol - molgy glycerol 1N the fourth cycle. To understand the

reason for this behavior the evolution of the other gaseous products throughout
time has to be analyzed too.

The evolution over time of the other WGS product (CO;) follows a very
similar trend to that described for H, for the four reaction cycles, but less
pronounced in terms of variation of the maximum value (Fig. 5.1.10 (a)). An
advantage of monitoring the gaseous products during the first hour is that it was
possible to observe that no CO was detected during the first moments. This
occurred because CO was being totally consumed through both WGS and
methanation. This is supported by the high yields of H,, CO, and CH, attained
in the first moments, whose subsequent decrease is accompanied by a
symmetric increase in the yield of CO in all four reaction cycles. Moreover, a
temperature increase (4-8 K) was observed inside the reactor bed during the
first moments of each cycle (Fig. 5.1.11), which is in agreement with the
exothermic nature of both WGS and CO methanation, followed by a decrease to
a temperature below 673 K ( < 4 K), which is probably mainly related to the
endothermic glycerol decomposition that becomes thermally dominant. A final
stabilization in the range 671-673 K was observed (Fig. 5.1.11). First, this clearly
indicates, as already observed in Exp. 2, that an initial loss of WGS activity
occurred during every cycle, while apparently glycerol decomposition’s activity
was not so affected. Also, the maximum of CH, attained at the beginning of each
cycle decreased with passing cycles, contrary to what occurred with the
maximum H. yield. This suggests that the increase of the latter throughout
reaction cycles is probably associated to its lower initial consumption through

methanation.
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Fig.5.1.11 - Temperature histories at 40 and 80 mm of the reactor length obtained during
Exp. 4. The vertical solid lines represent the moments at which oxidative regeneration
was performed. The horizontal solid line represents the temperature set point of the oven
controller.

As for the much smoother increase of the CO2 maximum yield with passing
cycles, it could be related to inhibition of CO, methanation that could eventually
be occurring to a lower extension. Due to this progressive inhibition of CH4
production and also due to some WGS inhibition that could have built up, CO
was detected at the reactor outlet progressively earlier in the reaction cycles.
Since an increase of the initial maximum H, yield was observed over the cycles,
this progressively earlier CO appearance should be mainly related to the
inhibition of CH,4 production. This is supported by the narrowing of the initial
temperature peak over cycles, especially from the first to the second cycle (see
Fig. 5.1.11). The reason for such CH4 inhibition is not clear but it could be related
to deposition of carbon on methanation sites, which possibly might not be
completely gasified during oxidative regeneration and that consequently
accumulated on these sites. It has been reported for Ni-based catalysts that
graphitic like carbon is less reactive to O, than less ordered carbon [24, 25],
which could be the case here as observed by Raman spectroscopy (Fig. 5.1.4),
where the band attributed to graphitic carbon is more intense. If coke formation

on the methanation sites really occurred and CO methanation was the main CHa
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production route, those carbon deposits would probably be formed from CO or
CHa4, either through Boudouard reaction (Eg. (5.1.6)) and/or CH,4 cracking (Eq.
(5.1.7)), respectively. Guo et al. [18] observed for a Ni-based catalyst that CH,
cracking led preferentially to the formation of ordered carbon deposits, which
could be the reason for the irreversible loss of CHs production activity. In
principle, both CO and CO; reductions (Eq. (5.1.8) and (5.1.9), respectively)
were not considerably involved in the formation of coke as the high amounts of
steam here used probably inhibited these reactions. As for the initial WGS
deactivation, it could be related to either CO disproportionation and/or CO and/or
CO. reductions. However, since both reductions should not be
thermodynamically favored here, Boudouard reaction could have been a
considerable cause of WGS active sites deactivation. The loss of activity could
also be related to the presence of condensable products, as already mentioned.
In principle, the reason for this deactivation is not sintering as it is not common
for the catalyst here used under the temperatures adopted [5]. Furthermore, if
sintering (irreversible phenomenon) had occurred, oxidative regeneration would
not allow the observed full recovery of the catalytic activity.

Very similar trends over time were observed for the gaseous products
containing carbon and H- selectivities in the four reaction cycles (Fig 5.1.10 (b)
and (c)). The slightly increasing trend observed at around 7 h for the H;
selectivity in Exp. 2 was not observed here as each reaction cycle only lasted 4
h. Moreover, the values obtained were similar to those obtained for the same
reaction period during Exp. 2. Finally, in terms of purity of the gas stream in H»
(Fig. 5.1.10 (d)), the maintenance of an approximately constant value between

50-60% was once again observed during most part of the reaction cycles.
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5.1.4 Conclusions

A Rh on alumina catalyst was tested during GSR at 673 K, 4.5 bar and
WGFR of 19, conditions that have never been much explored for this kind of
catalyst in GSR. High deactivation due to coke formation was observed; the
conversion of glycerol into carbon-containing gaseous products decreased from
around 60 % after 1 h to around 22% after 13 h of reaction. On the other hand,
the total glycerol conversion remained above 99% for 6 h and then started
decreasing more rapidly, and aproximately 92% of glycerol was being converted
after 13 h. This means that the production of carbon-containing gaseous
products is more affected than the conversion of glycerol into liquid products; so,
the production of liquids increased over time and/or the higher decrease
observed for the carbon-containing gaseous products is related to their direct
conversion into carbon.

Due to the observed coke formation, a 16 h test was carried out with
intermediate oxidative regenerations every 4 h in air atmosphere and 773 K. This
allowed to reach a much better average performance of the catalytic system,
since approximately full recovery of the catalytic activity was observed after each
oxidative regeneration. On the other hand, the total glycerol conversion
remained above 99% for the full duration of the test. Maximum H; yields between

2.1 and 2.6 mol - molz.g giycerol Were observed in the first minutes, followed by a
rapid decrease to values between 1.0-1.3 mol-molf‘ehglyceml after 4 h. In

addition, the purity of produced H, remained between 50-60%. A very similar
trend was observed for CO; as well, which could indicate rapid initial deactivation
of WGS sites. The results also suggest that methanation occured during the first
moments of each cycle, followed by deactivation of the methanation sites.
Moreover, the initial formation of CH4 was less and less observed throughout the
reaction cycles, thus indicating that a progressive deactivation of the CO
methanation sites could be occuring. This loss of activity towards CO

methanation over the reaction cycles could be associated to incomplete
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gasification of the coke deposits on those sites. Raman spectroscopy showed
that the formation of organized carbon deposits, which are known to be less
reactive to O,, was dominant on the used catalyst. Moreover, it is possible that
Boudouard reaction and/or CH, cracking were involved in the formation of
carbon deposits on the CO methanation sites while only Boudouard reaction was
responsible for the initial deactivation of WGS sites.

The combination of GSR with oxidative regeneration allowed to perform
equally long GSR reaction periods with better average performance compared
to the case where no oxidative regeneration was performed. Nevertheless, the
initial fast deactivation observed is quite limiting and should preferably be
minimized. One possible way of increasing the selectivity towards Hz in detriment
of CO, CH4, condensable products and coke, without having to change catalyst,
could be to remove CO; and/or H, from the reaction medium in a sorption and/or
membrane reactor; this will be addressed in the second part of this work.

Notation and Glossary

Fir Molar flow rate of glycerol fed to the reactor
Fout Molar flow rate of unreacted glycerol at the reactor outlet
FPut Molar flow rate of species i at the reactor outlet
Pury, Purity of produced H:
Sc.i Selectivity towards carbon-containing gaseous products
s Selectivity towards Hz comparatively to carbon-containing gaseous
H
: products
X6 gas Glycerol conversion into carbon-containing gaseous products
X6 total Total glycerol conversion
Y; Yield of species i

265



Chapter 5.1

Greek letters
AH?98K Reaction enthalpy at 298 K

List of acronyms

EDS Energy Dispersive Spectroscopy
GSR Glycerol Steam Reforming

SEM Scanning Electron Microscopy

TPO Temperature Programmed Oxidation
WGFR Molar Water/Glycerol Feed Ratio
WGS Water-Gas Shift
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5.2 From Sorption-Enhanced Reactor to Sorption-
Enhanced Membrane Reactor: a Step towards H>
Production Optimization through Glycerol Steam
Reforming

Sorption-Enhanced Membrane Reactor

Less coke
C3HgO;—> 3CO +4H,
+

"
C_gl;[hsO; ™ ..' et bd 2 L 2. o 3H20
H.O Faraany S I 0. x| 1 Membrane
2 ~o » o. - LA X L. ' 3C02
202 8 F T L Sorbed +/

3H,

CO, Sorbent
© Catalyst
= Pd-Ag membrane

e The GSR was performed in a multifunctional sorption-enhanced

membrane reactor.

o Removal of both CO, and H; instead of only CO. increased the H»
yield in 125%.

¢ In the pre-breakthrough, H, was mostly obtained in the permeate

side as ultra-pure.

e Highly pure H> was obtained in the retentate stream during pre-

breakthrough.
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The main goal of this work is to assess the benefits of using a
sorption-enhanced membrane reactor (SEMR) comparatively to a
sorption-enhanced reactor (SER) and a traditional reactor (TR) for H-
production through glycerol steam reforming (GSR). A SER, where a
hydrotalcite (K-MG30) was used to capture the CO- produced during GSR
on an alumina supported Rh catalyst, was tested. Enhancement of H,
production was observed not only during the pre- and breakthrough of CO;
but also during the post-breakthrough comparatively to the TR. While the
initial enhancement was mostly due to CO; sorption and affected more
directly the water-gas shift (WGS) reaction, the catalytic activity of K-MG30
towards glycerol decomposition and manly WGS reaction was responsible
for the improved performance during post-breakthrough. Still, considerably
higher H: purity was obtained in the first moments. A significant
improvement in terms of H, production was observed in the SEMR, where
a Pd-Ag membrane separated selectively the hydrogen from the other
gases. An increment of the maximum H; yield in the pre- and breakthrough

regions from 1.6, in the SER, up to 3.6 mol - molfeld glycerol Was obtained.

Simultaneous removal of H, and CO; significantly benefited the WGS
reaction. Consequently, only H, was obtained in the gas phase of the
retentate stream during the pre-breakthrough period. Moreover, ultra-pure
H., was obtained in the permeate side of the dense Pd-Ag membrane,
meaning that if the SEMR is continuously operated in the pre-breakthrough
region, pure H> would continuously be obtained in both retentate and

permeate streams.

The contents of this chapter were adapted from: Silva, J.M., L.S. Ribeiro, J.J.M. Orfao,
S. Tosti, M.A. Soria, and L.M. Madeira, From sorption-enhanced reactor to sorption-
enhanced membrane reactor: A step towards H, production optimization through

glycerol steam reforming. Submitted for publication.
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5.2.1 Introduction

The production of H, through biodiesel-derived glycerol steam reforming
(GSR) has been a growing target of research during the last decade not only
due to its potential to benefit the economic competitiveness of biodiesel, but also
due to the environmental and processual advantages of such process [1, 2]. The
GSR reaction consists of two major steps: a first irreversible decomposition of
glycerol into syngas, Eq. (5.2.1), followed by the upgrade of CO to CO, and more
H> through the water-gas shift (WGS) reaction (Eq. (5.2.2)).

C3HgO; » 3CO+4H, (AH?%8K =251k]-mol™?) (5.2.1)
CO+ H,0 = H,+ CO, (4AH?98K = —41kJ-mol™1) (5.2.2)

This process is described by the global reaction shown in Eq. (5.2.3) (sum of Eq.
(5.2.1) and Eq. (5.2.2)):

CsHgOs + 3H,0 — 7H, + 3C0, (AHZ%8K =128 k] -mol™1) (5.2.3)

The GSR is normally accompanied by secondary methanation reactions
of CO and CO., as described in Egs. (5.2.4) and (5.2.5), respectively, which

could significantly decrease the hydrogen yield.
CO+ 3H, = CH, + H,0 (AH?8K = —206 kJ - mol™1) (5.2.4)
CO, + 4H, = CH, + 2H,0 (AH?%8K = —165 k] - mol™1) (5.2.5)

It has been highly reported that temperatures around 673 K highly favor
both CO and CO, methanation [3-5], namely over noble metal-based catalysts
similar to the Rh-based catalyst here used. Besides methane, other even less
desired secondary products such as liquid compounds and coke can also be
formed [6-9], the last being associated to catalyst deactivation. The formation of

carbon deposits might be promoted by the formation of liquid compounds [6, 10,
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11] and/or by carbon-containing gaseous products, according to Egs. (5.2.6-9)
[7,12, 13].

20=2C0, +C (AH?98K = —172 k] - mol™1) (5.2.6)
CH,=2H,+C (4H?°°K =75k]-mol™?) (5.2.7)
CO+ H, 2 H,0+C (4H?°8K = —131kJ-mol™?) (5.2.8)
CO, + 2H, = 2H,0+C (4H?98K = —90 k] - mol™1) (5.2.9)

The use of intensified reaction-separation process concepts with the aim
of surpassing both thermodynamic and kinetic limitations has been considered
in general for steam reforming of several Hz-containing feedstocks. Since the
main products of steam reforming processes are normally CO; and Ha, the
removal of one of them is normally carried out either in a sorption-enhanced
reactor (SER) through CO; removal or in a membrane reactor (MR) through H
recovery [1, 12]. The removal of CO; in a SER can be carried out by combining
in the same bed the steam reforming catalyst and a CO, sorbent, such as a
hydrotalcite [14-16], CaO-based materials [17-19], lithium zirconates and
silicates [20-22], among other materials. Since the temperature that will be used
here is 673 K, for the reasons mentioned above and also due to the restrictions
of materials compatibility (CO. sorbent and H.-permselective membrane), the
best option for in site CO, capture are hydrotalcites; both sorption and
regeneration can be carried out at such temperature while maintaining
reasonable sorption capacities and kinetics [1, 23]. Regarding the removal of Ha,
it can be carried out by using a H.-permselective membrane, being that dense
metallic membranes have been the most widely studied for H, separation [24].
Pd-based membranes have been found as the most promising ones, and

particularly the Pd-Ag membranes have been extensively researched due to
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their higher permeability and stability against poisoning by CO2, CO or H,S [25-
29]. Moreover, they are compatible with the conditions here adopted.

Even though several works have reported the use of these reactor
concepts for several reactions, only in a few cases GSR was studied in a SER
[30-34] or in a MR [35-38]. Furthermore, most of GSR studies in SER are carried
out at temperatures above 773 K where CaO-based sorbents are used, being
that up to the author's knowledge only one work [34] reported the use of a
hydrotalcite in such a reactor configuration and for this application. Moreover,
the experimental analysis of a combined sorption-enhanced membrane reactor
(SEMR) system has only been reported a few times [39-42] and up the author’s
knowledge it has never been reported for GSR. In this work, the GSR reaction
was carried out in both SER and SEMR, where a Rh supported on alumina
catalyst was combined with a commercial hydrotalcite, K-MG30, in the SER, and
a dense Pd-Ag membrane, in the SEMR. The obtained results were not only
compared for the two reactor concepts here tested, but also with the results

obtained in our previous work for a traditional reactor (TR) [43].

5.2.2 Experimental

5.2.21 Chemicals, gases and materials

Nitrogen (99.999%), reconstituted air (99.999%) and hydrogen (99.999%),
all from Linde, were used as carrier gas in the reaction tests, as oxidant agent
during oxidative regeneration of the catalyst, sorbent and membrane, and during
both membrane activation and permeation tests, respectively. Helium from Linde
(99.999%) was used as carrier gas in the gas chromatograph. An aqueous
solution of glycerol (JMGS, 99.95%) with a molar water/glycerol feed ratio

(WGFR) of 19 was used in all reaction tests.
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During all catalytic tests a Rh supported on alumina catalyst supplied by
Johnson Matthey was used. A 17 wt% K,COs; promoted hydrotalcite, here
labelled K-MG30, supplied by Sasol, with a Mg/Al molar ratio of 0.5, was utilized
as CO; sorbent. Inert silicon carbide (SiC, Alfa Aesar) was adopted as catalyst
and sorbent bed diluting agent during all experiments. A tube made of Pd-Ag
with 25 wt% silver and wall thickness of 100 um, length of 120 mm and diameter
of 10 mm, was used as hydrogen selective membrane during the SEMR tests.
The membrane tube was brazed at its ends to two stainless steel joints and
located in a stainless steel shell where the permeate stream (pure hydrogen)
was collected.

5.2.2.2 Characterization of the materials

Scanning Electron Microscopy (SEM) coupled with Energy Dispersive
Spectroscopy (EDS) was performed in a FEI Quanta 400 FEG ESEM/EDAX
Pegasus X4M equipment. The samples were covered with an approximately 10
nm thick conductive coating of PdAu through the sputtering technique in a SPI

module.

5.2.2.3 Experimental setup

Two different stainless steel columns (120 mm and 220 mm of height, and
both with 7.2 mm of inner diameter) were attached to the experimental setup
(Fig. 5.2.1), one a time depending on the experiments to be carried out, as
detailed below. The columns were placed inside a tubular oven (model Split from
Termolab, Fornos Eléctricos, Lda.) equipped with a 3-zone PID temperature
controller (model MR13 from Shimaden) for the SER tests. During the SEMR
tests the stainless steel column was replaced by a reactor module containing the

Pd-Ag membrane inside as described in section 5.2.2.4.2. The type-K
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thermocouples used to measure and control the oven temperature were placed

in the same radial position of the oven and close to the column wall.

_____ Legend: IEI
. Mass-flow meter
& I Preheating/ O
co N —-— = | mixi =~ Checkvalve
2 L] | mixing zone bk . ® Pressure sensor
4 Pressure-reducing regulator
@7
w ® Thermocouple
N, P Bl Back pressure regulator
b On-offval @ Temperature controller
- n-off valve
S': Three way valve Coalescense filter
_____ = ¥}= Needle valve Filter
@ Inert
[1 Mass-flow controller
1 @ Catalyst
777777 (O CO,sorbent
I —
b ; |
L .

______ Gas Chromatograph

Heated tube !
CO, infrared analyzer

Fig. 5.2.1 - Scheme of the experimental setup.

N2 was fed by a mass flow controller (model F201 from Bronkhorst High-
Tec) while the glycerol aqueous solution was fed by an HPLC pump (Eldex,
1LMP) and forced to pass through an evaporation/mixing zone at 623 K before
entering the reactor — cf. Fig. 5.2.1. The tube between the reactor outlet and the
first Peltier condenser was kept at 423 K. The pressure in the system was
monitored by means of 2 pressure transducers (model PMP 4010 from Druck)
placed before and after the reactor. The N, sweep gas flow rate in the SEMR
was controlled by a mass flow controller (model F201 from Bronkhorst High-
Tec); counter-current configuration was adopted. The permeate outlet flow rate
was measured by a mass flow meter (model F111 from Bronkhorst High-Tec).

During the reaction tests small samples of the dry outlet stream containing
N2, Hz, CO,, CO and CH4 were collected along time using a 16-loop valve (VICI,
model ST) and the concentrations of the different gases were determined in a

gas chromatograph (Dani, model 1000). The chromatograph was equipped with
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a micro-TCD detector (VICI, model TCD-C-220) and a capillary column
(Supelco, carboxen 1010 plot). Moreover, the CO, and CO outlet dry
composition was monitored by an online infrared-based CO, analyser
(Servomex, model 4210). A system of two Peltier based cold-traps, a
coalescence filter and a filter was used between the reactor and the analysis
system in order to retain all condensable species. The condensed samples were
collected periodically and analyzed in terms of glycerol concentration by high
performance liquid chromatography in an apparatus (Elite LaChrom HITACHI)
equipped with a refractive index detector. The liquid products were separated
using an Alltech OA-1000 ion exclusion column (300 x 6.5 mm), with a 0.005
mol-L* H,SO4 solution as mobile phase at a flowrate of 0.5 mL-min. Glycerol
was determined quantitatively based on the calibration curve of the standard

compound.

5.2.2.4 Catalytic tests

5.2.2.4.1 Sorption-enhanced reactor

The catalytic tests performed are described in Table 5.2.1. The 120 mm
long stainless steel reactor, closed in both ends with two stainless steel mesh
(10-15 um) discs, was filled with an homogeneous mixture of 800 mg of catalyst
(350-600 um) and 1.6 g of K-MG30 (350-600 um), which corresponds to a
sorbent/catalyst weight ratio of 2. As for the longer 220 mm reactor, it was filled
with the same amount of catalyst but diluted in 4.7 g of K-MG30 (350-600 um),
which corresponds to a sorbent/catalyst weight ratio of approximately 5.9. The
reactor ends were in both cases filled with SiC (inert material). Two type-K
thermocouples, inserted laterally and radially centred, were used in both reactors
with the aim of continuously monitoring the bed temperature. The temperature

profile along the column length under inert atmosphere was negligible ( < 1 K).
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Table 5.2.1 - Catalytic tests performed at 673 K, 4.5 bar and WGFR of 19 in different reactor configurations.

Frequency of

Frequency of

. Reactor Total Duration Mass of Mass of o sorbent
Experiment oxidative ]
Length /mm /h catalyst / mg sorbent/g ] regeneration
regeneration )
with N2
TR short blank? 120 4 - - - -
TR short 12 120 13 800 - - -
Every 4 h except
TR short 22 120 16 800 - -
at16 h
TRlong 1 220 1 800 - - -
SER long 1 220 1 800 4.7 - -
Every 4 h except
SER long 2 220 20 800 4.7 Every 4 h

at16 and 20 h




Table 5.2.1 - Catalytic tests performed at 673 K, 4.5 bar and WGFR of 19 in different reactor configurations (cont.).

Frequency of

Frequency of

) Reactor Total Duration Mass of Mass of o sorbent
Experiment oxidative ]
Length /mm /h catalyst / mg sorbent /g ] regeneration
regeneration )
with N2
SER short blank 120 6 - 1.6 - -

SER short 1 120 12 800 1.6 - Every 2 h

SER short 2 120 13 800 1.6 - At6 h
SER short 3 120 16 800 1.6 Every 4 h except Every 4 h

at16 h
SEMR 120 8 800 1.6 Every 4 h® At4 h

a8 TR short blank, TR short 1 and 2 correspond to Exp. 1, 2 and 4 of our previous work [43], respectively.

b |sothermal oxidative regeneration performed at 673 K.
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Before the GSR tests, the reactor was heated up to 673 K under N
atmosphere (80 mLn-min™) and pressurized by means of a back pressure valve
up to 4.5 bar. When the pressure was stable, 0.1 mL-min?* (WHSV of 7.8 h',
excluding the sorbent and the inert) of an aqueous solution of glycerol with a
WGFR of 19 was fed to the reactor.

The SER experiments were divided in two main sets: a first set of
experiments using the 220 mm long reactor and a second stage in which the
shorter 120 mm long reactor was used, as indicated in Table 5.2.1. Regarding
the long reactor, a first 1 h experiment was carried out, herein named SER long
1. For comparison purposes, the same experiment was repeated but without the
CO; sorbent (TR, run TR long 1 in Table 5.2.1). A longer SER experiment, herein
named SER long 2, consisted of a 20 h experiment performed over 5 days, 4 h
a day. Since it was observed in our previous work that regenerative oxidation
(used for coke gasification) allowed almost full recovery of the catalytic activity
[43], after the first 3 individual 4 h reaction cycles regenerative oxidation of both
catalyst and sorbent was carried out overnight. The adopted procedure for the
oxidative regeneration was the following: 25 mLy-min™ of reconstituted air diluted
with 75 mLy'mint of N, was passed through the reactor, being that the
temperature was kept at 673 K for 3 h; then, the reactor temperature was
increased to 773 K, remained at this temperature for 1 h and was then decreased
back to 673 K. During these oxidative regenerations the air fed was diluted with
N, in order to avoid the temperature gradients observed during oxidative
regenerations in TR short 2 experiment [43], which could damage K-MG30.
Before the following 4 h reaction stage, the system was flushed with N> for 30
min. After the fourth and before the fifth reaction cycle (16 h), regenerative
oxidation was not carried out, and only sorbent regeneration (CO, desorption)
with 100 mLy'mint of N, was performed overnight.

In order to establish a comparison with the TR experiments previously

performed in the 120 mm long reactor [43] and with the SEMR experiments that
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where performed inside a 120 mm long membrane, different SER experiments
were carried out in the smaller reactor as well. Before those experiments, a blank
test (entitled SER short blank — cf. Table 5.2.1) in which the reactor was filled
with 1.6 g of K-MG30 (homogeneously diluted with SiC) was performed to
assess the catalytic activity of the hydrotalcite. Afterwards 3 different
experiments were carried out. A first 12 h test consisting of 6 separate 2 h
reactions was carried out, the sorbent being regenerated with 100 mLy-min? of
N for 3 h between reactions (run SER short 1). A second 13 h test (SER short
2) consisted of 2 separate reactions of 6 h and 7 h performed in different days
with the catalyst having been kept under N> atmosphere overnight (for sorbent
regeneration). In both cases no regenerative oxidation was carried out. The third
test, herein named SER short 3, was carried out very similarly to SER long 2,
but with oxidative regeneration during which the reactor temperature remained
at 773 K for 2 h instead of 1 h, in order to assure that maximum coke removal

was attained.

5.2.2.4.2 Sorption-enhanced membrane reactor

The lower section of the tube was filled with SiC until reaching the
permeable Pd-Ag membrane wall — cf. Fig. 5.2.2. Then the membrane zone was
filled with an homogeneous mixture of 800 mg of catalyst (350-600 um) and 1.6
g of K-MG30 (350-600 um), which corresponds to a sorbent/catalyst weight ratio
of 2. Finally, the superior section was also filled with SiC and was closed with
glass wool. The membrane was then joined to the reactor module (Fig. 5.2.2),
which was attached to the experimental setup in Fig. 5.2.1. The membrane tube
is assembled in the reactor module in a finger-like configuration where the feed
stream is sent into the membrane lumen through a small stainless tube while the

sweeping gas (N>) is sent counter-currently in the shell side.
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Glycerol + H,O + N,

S} = N,

(sweep gas)

Inert

Catalyst

CO, sorbent
Pd-Ag membrane

|cee

E Permeate

By (N, + H))

Fig. 5.2.2 - Scheme of the hybrid sorption-enhanced membrane reactor.

The reactor was heated up to 673 K under N, atmosphere (80 mLy-min)
and membrane activation was carried out under approximately 5 bar of H, (200
mLy'min?) while the permeating H> was swept by 200 mLy'min?t of No.
Atmospheric pressure was maintained in the permeate side. The permeation
tests were carried out with pure H, under different driving forces. Finally, a
catalytic test was carried out in the SEMR at 673 K and 4.5 bar, similarly to SER
short 3 for comparison purposes. However, the test was performed over 8 h (2

days) instead of 16 h. During this test 200 mLy-mint of N, were used as sweep
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gas in counter-current mode. Moreover, oxidative regeneration of the catalyst,
sorbent and membrane (performed after 4 h of reaction) was carried out under
2.5 mLy'mint of reconstituted air diluted with 97.5 mLy-min of N for 15 h and
always at 673 K. Such procedure was used in order to avoid significant
temperature gradients that could damage the membrane (thus requiring a longer
regeneration at a lower temperature). After oxidative regeneration, the system
was flushed with N> for 30 min before the membrane was reactivated for 24 h
under the initial activation conditions. Finally, before the second 4 h reaction
cycle the system was once again flushed with N for another 30 min.

5.2.2.5 Process metrics

The conversion of glycerol was calculated in 2 different ways: glycerol
conversion into carbon-containing gaseous products (XG,gas) and total glycerol
conversion (X; tora1)- The conversion of glycerol into carbon-containing gaseous
products was defined as follows:

t t t
Feo, + Feo™ + Feu,

3 X Fi

Xg.gas(%) = X 100 (5.2.10)

where Fg&5!, Fgy' and Fgj! are the molar flow rates of CO2, CO and CHs at the
reactor outlet and FZ" is the molar flow rate of glycerol fed to the reactor. The
total glycerol conversion was calculated as:

in _ pout

F,
X6,rotar(%) = GFTG X 100 (5.2.11)
G

where F2%t is the molar flow rate of unreacted glycerol at the reactor outlet. The
yields of all gaseous products (Y;) and selectivities towards carbon-containing

gaseous products (S¢;) were defined as:
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F.out
l
Y, = 7 (5.2.12)
Fout (5.2.13)
Sei(%) = x 100

out out out
Feo, + Fco + Fep,

in which i corresponds to H,, CO,, CO and CH4 in Eq. (5.2.12) and corresponds
to CO,, CO and CHs in Eg. (5.2.13). Regarding the selectivity towards H-
comparatively to carbon-containing gaseous products (SHZ), it was calculated
according to Eq. (5.2.14).

Fout (5.2.14)

H x> %100
FE5t + FEgt + Feyt 7

SHZ (%) =

where Fﬁft is the molar flow rate of H, at the reactor outlet. The (3/7) factor is
related to the stoichiometry of the GSR reaction in which 7 mol of H, and 3 mol
of CO,, are ideally produced for each mole of reacted glycerol (Eq. 5.2.3).
Finally, the purity (Puer) of the produced H; was evaluated through Eq.
(5.2.15):

Fout (5.2.15)

Pury, (%) = 5 Zzout x 100
i

being that here i represents H,, CO,, CO and CH.. In all process metrics defined
in this section, dry basis was always considered and N, was not taken into
consideration (used merely as diluting/inert species). The recovery of H» (ReHz)
in the permeate side of the membrane during GSR reaction in the SEMR was

defined as:
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Flg)ermeate (5.2.16)
— 2
ReHZ (%) ~ ppermeate 4+ Fretentate X100
Hz HZ
where ngermeate and FjEt™@e represent the molar flow rate of produced Ho

that permeates through the membrane and the flow rate of H. that exits the

SEMR in the retentate side, respectively.

5.2.3 Results and discussion

5.2.3.1 Physicochemical characterization

5.2.3.1.1 EDS

In order to better understand the changes that both catalyst and sorbent
went through during the reaction runs in the different reactor configurations,
namely in terms of formation of coke deposits, SEM/EDS analyses were carried
out. Regarding the catalyst, some localized morphological changes, similar to
those observed in the catalyst used in the TR short tests [43], were noticed. The
extent of coke formation during each of the performed experiments was
assessed by analyzing the surface of the used materials (both sorbent and
catalyst) by EDS. For each material the carbon content was analyzed in three
different regions. The results are summarized in Table 5.2.2, being that the
carbon contents obtained for the different samples were subtracted by the
carbon contents obtained for the fresh samples (herein called additional carbon

contents).
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Table 5.2.2 - Average additional carbon contents and respective standard deviations
(wt%) obtained by EDS for both catalyst and K-MG30 used in the different experiments.

Additional Carbon Content / wt%

Experiment
Catalyst K-MG30
TR short 1 95+1.32 -
TR short 2 45+0.32 -
TRlong 1 1.4+£0.8 -
SER long 1 7.3+1.6 051
SER long 2 19.3+8.3 3.5+0.3
SER short blank - 8.7+£0.2
SER short 1 39.1+18.7 12.3+1.8
SER short 2 176 +£9.2 95+1.2
SER short 3 11.3+1.8 3.6+0.6

8 Results taken from our previous work [43].

By comparing the additional carbon content of the catalyst used in TR long
1 and SER long 1 runs (Table 5.2.2), it is observed that higher amounts of carbon
were formed in the SER. This is supported by the higher amounts of deposited
carbon observed in the catalyst samples used during tests SER short 1, 2 and 3
and SER long 2 as compared to those observed in the catalyst samples used
during TR short 1 and 2. In fact, even the catalyst used during SER long 1, which
was only submitted to 1 h of reaction, presented higher carbon deposits than the
catalyst used during TR short 2 of our previous work [43], which was submitted

to 4 h of reaction after the last oxidative regeneration. By comparing the amounts
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of carbon measured in the catalyst samples used in SER short 1, 2 and 3, higher
carbon deposits were measured in the catalyst samples used during SER short
1 and 2. This occurs because while in SER short 3 regenerative oxidation was
carried out every 4 h, except after the last 4 h reaction, during both SER short 1
and 2 no regenerative oxidation was performed (Table 5.2.1).

Higher amounts of carbon where obtained for the catalyst used during
SER short 1 as compared to that used in SER short 2 (Table 5.2.2). The
differences between SER short 1 and 2 are the total duration of the tests, 12 h
and 13 h respectively, and the frequency of sorbent regeneration (cf. Table
5.2.1). Clearly, the difference in the total duration of the tests is not the cause of
the differences in carbon deposition. If that was the case, the catalyst used
during SER short 1 would at most present similar or even lower amounts of
carbon compared to those observed in the catalyst used in SER short 2.
Therefore, the cause of such difference in carbon deposition should be
associated to the more frequent sorbent regenerations performed in SER short
1 run. These more frequent regenerations allowed the reactor to be operated in
the sorption-enhanced mode more often and consequently for a longer total
period. This suggests that the longer the reactor is operated in sorption-
enhanced mode, the more coke deposition occurs on the used catalyst. In other
words, most of the observed coke could have been formed during the first
moments of reaction (pre- and breakthrough). Such conclusion also agrees with
the significant increase in the carbon content from the catalyst samples used in
the TR to those employed in the SER. This will be further discussed later on.

Regarding K-MG30, the formation of carbon deposits on this material was
observed for the different SER runs. Furthermore, during the SER short reactor
experiments the formation of carbon deposits on K-MG30 increased similarly to
that on the catalyst (Table 5.2.2). However, considerably lower amounts of coke
were formed on K-MG30 as compared to the catalyst samples. Similar carbon

deposits were observed in the sorbent samples used during both SER long 2
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and SER short 3 (the only tests where oxidative regeneration was carried out).
However, while the sorbent used in SER long 2 was submitted to 8 h of reaction
after the last oxidative regeneration, the sorbent used in SER short 3 was only
submitted to 4 h of reaction after the last oxidative regeneration. This means that
lower carbon deposition per mass of sorbent occurred in the long reactor. This
does not mean that the total amount of carbon that deposited over K-MG30 in

the long reactor is lower. This will also be further discussed below.

5.2.3.2 Steam reforming of glycerol tests

5.2.3.2.1 Sorption-enhanced reactor

5.2.3.2.1.1 Effect of CH, production

With the aim of reducing the shortcomings observed during the TR tests
in our previous work [43], namely in terms of limited H, production and
deactivation due to coke formation, a SER was used, the only difference being
the inclusion of K-MG30, a commercial hydrotalcite for CO; capture, on the bed
together with the catalyst. Preliminary, 1 h reaction cycles (not shown) were
carried out with intermediate oxidative regenerations. Surprisingly, for all
reaction cycles the yields of H, obtained during the CO. pre-breakthrough were
lower than those obtained during the breakthrough and in the post-breakthrough.

In order to understand such behavior, a longer reactor (described above)
was used, aiming to increase the CO; breakthrough time. Firstly, the SER long
1 run was carried out (Fig. 5.2.3 (a)), being that in this case a maximum H, yield
was observed in the pre-breakthrough region, followed by a subsequent slight
decrease and stabilization. However, after approximately 25 min the yield of H,
started increasing again, considerably surpassed the maximum observed at the

end of the pre-breakthrough and stabilized until the end of the experiment.
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Fig. 5.2.3 - Evolution over time of the yields of gaseous products during (a) SER long 1,
(b) the first hour of each 4 initial cycles of SER long 2 and (c) the first hour of the fifth
cycle of SER long 2 experiments (conditions provided in Table 5.2.1).

To better understand the H; yield behavior, SER long 2 test was performed
(with oxidative regenerations every 4 h as described in Table 5.2.1). Besides the
behavior already described for SER long 1 test, it was observed that the H; yield
remained surprisingly stable until the end of the 4 h cycle (Fig. 5.2.3 (b)); not
shown after the first hour). During the 4 reaction cycles the H; yields were always
higher during the post-breakthrough, thus suggesting that this behavior is not
mainly related to the duration of CO; breakthrough. On the other hand, the
maximum of H yield in the post-breakthrough zone was observed progressively
earlier as the reaction cycles were carried out, and in the fourth cycle that

maximum was observed exactly at the end of the CO. breakthrough.
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Symmetrically, it was noticed that CH4 production was progressively inhibited
from cycle to cycle, so that in the fourth cycle not only less CH4 was initially
produced, but also its production was almost completely inhibited earlier,
similarly to the behavior observed in our previous work [43].

A fifth 4 h reaction cycle was carried out for a better comprehension of this
behavior, but this time without being preceded by regenerative oxidation, only
by CO, sorbent regeneration with Nz. In this case the H; yield reached its
maximum during the breakthrough, stabilized and a slow deactivation after 17 h
on-stream (not shown) was observed (Fig. 5.2.3 (c)). Since the catalyst was not
regenerated, not only were the H; yields lower, but also very low CH, yields were
observed during the whole test. The initial production of CH4 noticed in the first
four cycles (Figure 5.2.3 (b)) was not observed in this case probably because
the methanation sites were inhibited by carbon deposits.

It can be concluded that the initial occurrence of H>-consuming
methanation was the main responsible for the hindered effect of CO, capture on
H, production. Since a comparison is to be established between the different
reactor configurations, all SER tests discussed below were carried out in the 120
mm long reactor (due to limitations of the membrane length used in the SEMR).
Before that, a comparison between SER long 1 and TR long 1 in terms of the
evolution over time of both H, yield and purity is presented in Fig. 5.2.4. The H;
yield obtained in TR long 1 during the CO- pre-breakthrough period of SER long
1 was below that reached in the latter. Afterwards an increase was also
observed, but earlier as compared to SER long 1. In terms of H» purity,
significantly higher H, purity was attained in the SER, especially in the pre-

breakthrough region due to CO, removal.
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Fig. 5.2.4 - Evolution over 1 h of the Hz yield and purity during SER long 1 and TR long
1 experiments (conditions provided in Table 5.2.1).

5.2.3.2.1.2 Blank test with K-MG30

Regarding the short reactor tests, a blank test in which the reactor was
filled with 1.6 g of K-MG30 homogeneously diluted with SiC was firstly performed
over 6 h. The production of gaseous products was observed over the full duration
of the experiment (Fig. 5.2.5). It has been previously reported that K-MG30
catalyzes the WGS reaction in the temperature range 573-673 K [39, 44].
However, here only glycerol and water are fed and not CO. As seen before in
the TR short blank experiment, conversion of glycerol into condensable products
occurred, but not into carbon-containing gaseous products [43]. Therefore, it is
likely that the hydrotalcite catalyzed to some extent the decomposition of glycerol
into syngas (Eq. (5.2.1)). Afterwards, WGS reaction must have taken place as
well. During the whole test, total conversion of glycerol was always above 99%
(Fig. 5.2.5 (a)). As for the conversion into carbon-containing gaseous products,
since some of the produced CO, was captured by the sorbent, it was only
calculated after the end of the first hour (all gas produced exits the reactor). The
conversion into carbon-containing gases remained between 11-13%. This

means that all the remaining glycerol was converted into condensable products
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and coke and/or part of the formed carbon-containing gaseous products were
converted into coke.
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Fig. 5.2.5 - Evolution during the SER short blank experiment of (a) both total glycerol
conversion and glycerol conversion into carbon-containing gaseous products and of (b)
the yields of gaseous products (experimental conditions provided in Table 5.2.1).

Since only less than 10% of glycerol was decomposed into liquid products during
the TR short blank experiment [43], the additional total glycerol conversion here
observed must have been catalyzed by the hydrotalcite. Di Cosimo et al. [45]
observed that calcined hydrotalcites with similar Mg/Al ratio as K-MG30

presented catalytic activity towards ethanol dehydrogenation to acetaldehyde.

291



Chapter 5.2

In another work [46] it was found that similar calcined hydrotalcites catalyzed
acetone oligomerization, which could have occurred here as well. Moreover,
coke formation was observed during acetone oligomerization on potassium
promoted MgO [47]. This could explain the considerable carbon deposits
observed in the K-MG30 used in this test (See Table 5.2.2).

The vyields of Hz, CO and CO- over time are presented in Fig. 5.2.5 (b). A

maximum H; yield of approximately 0.4 mol - molz.} glycerol Was attained at the

beginning of the test, followed by a subsequent decrease and stabilization until
the end of the test. Regarding CO and CO., they presented a very similar
behavior, the yield of CO; being always higher than that of CO. Moreover, after
the CO- breakthrough (ca. 0.6 h) the yield of H, remained very similar to that of
COg2, which confirms the occurrence of WGS. No CH4 was observed meaning

that the sorbent was not active towards methanation reactions.

5.2.3.2.1.3 Long term operation with frequent sorbent regeneration

A first 12 h test consisting of 6 reaction periods of 2 h in the SER was
carried out, being that between each reaction stage the sorbent was regenerated
with N2. Both total conversion of glycerol and post-breakthrough (during the
second hour of each cycle) glycerol conversion into carbon-containing gaseous
products are presented in Fig. 5.2.6, as well as a comparison with the results
attained under the same conditions in the TR. While complete conversion of
glycerol was observed during the whole test in the SER, a decrease started
being observed at around 8 h in the TR. The post-breakthrough conversion into
carbon-containing gaseous products started at around 50-55% and suffered an
absolute decrease below 20% during the six 2 h reaction cycles in the SER.
Even though similar post-breakthrough glycerol conversions into carbon-
containing gaseous products were initially observed in both TR and SER, a more

pronounced loss of activity over time was observed in the TR.
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Fig. 5.2.6 - Comparison of the evolution of both total glycerol conversion and post-
breakthrough glycerol conversion into carbon-containing gaseous products over time
between TR short 1 and SER short 1 experiments (conditions provided in Table 5.2.1).
The vertical dashed lines represent the moments at which sorbent regeneration with N2
was performed.

The yields of H;, CO, CHs and CO. (observed at the SER outlet) are
presented in Fig. 5.2.7. In the first cycle, the yields of both H, and CH, started
increasing simultaneously in the pre-breakthrough region, being that the
increase of CH4 ceased during the CO- breakthrough. In that moment the yield
of CH,4 decreased drastically from around 0.7 to around 0.3 mol - molf‘e%j glycerol
and the yield of Hz increased from 2 to 3 mol-molf‘eldglyceml, once more
indicating that in the latter period Hz-consuming methanation was inhibited. At
the same time the observed outlet CO; yield reached its maximum of
approximately 1.5 mol - molg, glycerol, @Nd started decreasing until the end of the
reaction stage; the same was observed for both H, and CHa. In opposition to
what occurred in the TR, there was no CO exiting the SER for more than 1 h and
when it started being detected at the reactor outlet, its yield remained below 0.1
mol - molg} glycerol- 1 Nis means that all or almost all CO that was being produced

in the decomposition of glycerol was being consumed either through WGS or

methanation (Eq. (5.2.4)). However, since CH,4 production dropped significantly
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at around 30 min and CO remained almost undetected, it means that WGS
became its major route of conversion. Moreover, since after the saturation of the
sorbent high conversion of CO remains, it implicates that the enhanced
conversion of CO was not only due to the removal of CO, from the reaction
medium (therefore shifting the WGS equilibrium), but probably also due to the
catalytic activity of K-MG30 in WGS. Marofio et al. [44] observed that K-MG30
could convert more than 90% of CO at 673 K and 15 bar for at least 3 h. CO
could also be consumed in coke production, but this will be discussed later.
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Fig. 5.2.7 - Comparison of the evolution of the yields of (a) Hz, (b) CO2, (c) CO and (d)
CHa over time between TR short 1 and SER short 1 experiments (conditions provided in
Table 5.2.1). The vertical dashed lines represent the moments at which sorbent
regeneration with N2 was performed.

As for the reaction cycles performed afterwards with intermediate

regeneration of the sorbent (but no catalyst regeneration), a decrease of the
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initial maximum of H yield was observed from the first to the second cycle. Then,
a much smaller decrease is progressively observed throughout the cycles.
Moreover, the H, yield maximum appeared progressively earlier, as
progressively lower amounts of CH,; were being produced. Regarding CO, the
behavior observed in the first 2 h was also observed in the second cycle, but in
the subsequent cycles no CO was registered. It could be anticipated that the
slight deactivation that is observed throughout the cycles leads to a slightly lower
production of CO from glycerol, but does not affect as much its conversion
through WGS as the sorbent was regenerated every 2 h. Nevertheless, the
difference is small. As for the yield of CO- in the post breakthrough region, a
high decrease was observed during the first cycle while a smoother decrease
was observed in the following cycles, similarly to what occurred with H;. This
similar behavior of both H, and CO- indicates once again the dominance of WGS
reaction over secondary reactions such as methanation or coking reactions.

Regarding the selectivities towards Hz, CO2, CO and CHy, their evolution
with time is presented in Fig. E.1 of Appendix E. Since these selectivities depend
on the outlet CO> molar flow rate, for the SER they were only estimated during
the second hour of each reaction cycle where no CO: sorption is occurring
anymore.

Finally, the purity of H, was analyzed (Fig. 5.2.8). As expected, the
maximum H; purity in the first reaction cycle, around 70%, was observed in the
pre-breakthrough region when all CO, was being retained by the sorbent.
Afterwards it decreased down to around 50%, stabilized and when the
production of CH, started being inhibited, less hydrogen was consumed by such
parallel reaction and inherently the purity of H, increased again, reaching a new
value around 60%. For the other cycles, a very similar behavior was observed.
The only difference as compared to the first cycle is that after the initial maximum

due to the capture of COy, the purity of H, decreased directly to the final steady-
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state value around 60%, as almost no CH4 was produced during these cycles,

contrarily to what occurred at the beginning of the first cycle.
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Fig. 5.2.8 - Comparison of the evolution of the purity of Hz2 over time between TR short

1 and SER short 1 experiments (conditions provided in Table 5.2.1). The vertical dashed
lines represent the moments at which sorbent regeneration with N2 was performed.
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When comparing the results obtained in the SER short 1 and TR short 1
experiments, several advantages of the SER can be highlighted. The first
advantage is the considerably higher yields obtained during the whole duration
of the test and post-breakthrough selectivities of both WGS products, H; and
CO; (Figs. 5.2.7 and 1). Probably due do the significant extension of this
reaction, CO was practically absent for the complete duration of the SER short
1 test, in opposition to the high amounts detected when using the conventional
TR. As for CHa, a very similar behavior was observed for both reactors. Even
though very similar conversions into carbon-containing gaseous products were
observed during the first 2 h for both reactors, from that point on they started
diverging, and while in the TR that conversion after 12 h was around 22%, in the
SER it was around 37% (Fig. 5.2.6). Moreover, the total glycerol conversion was
always 100% in the SER, on contrary to the observed decrease in the TR. The

H purity of the outlet stream was in general around 10% higher in the SER,
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except before and during the breakthrough where that difference was
considerably higher (Fig. 5.2.8). Therefore, it can be concluded that the SER
showed not only to be advantageous in the pre-breakthrough and breakthrough
regions, but also during the post breakthrough, probably due to the already
mentioned catalytic activity of K-MG30 towards both glycerol decomposition

and, more importantly, WGS.

5.2.3.2.1.4 Long term operation without frequent sorbent regeneration

Considering the post-breakthrough advantage of the SER compared to the
TR, a second experiment (SER short 2) was performed in the SER for 13 h (6 h
+ 7h), but this time the sorbent was only regenerated overnight after 6 h of
reaction. The main goal of this test was to assess the effect of performing longer
GSR cycles on the process performance. No significant differences as compared
to SER short 1 run were observed (Fig. 5.2.9-11 and Fig. E.2 vs. Figs. 5.2.6-8
and Fig. E.1).
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Fig. 5.2.9 - Comparison of the evolution of both total glycerol conversion and post-
breakthrough glycerol conversion into carbon-containing gaseous products over 13 h
between TR short 1 and SER short 2 experiments (conditions provided in Table 5.2.1).
The vertical dashed line represents the moment at which sorbent regeneration with N2
was performed.
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Even though K-MG30 was only regenerated once during SER short 2 test, the
loss of activity over time was very similar to that obtained in SER short 1.
Regarding the presence of CO in the reactor outlet, a small difference
between both experiments was observed. While in SER short 1 during the first
2 cycles unreacted CO was detected during the second hour of each cycle, in
SER short 2 the detection of unreacted CO started occurring at approximately

the same time but lasted until the end of 6 h (Fig. 5.2.10).
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Fig. 5.2.10 - Comparison of the evolution of the yields of a) Hz, b) CO2, ¢) CO and d)
CHa over 13 h between TR short 1 and SER short 2 experiments (conditions provided in
Table 5.2.1). The vertical dashed line represents the moment at which sorbent
regeneration with N2 was performed.

This probably occurred because in SER short 2 the sorbent was not
regenerated every two hours and it is possible that such regeneration

contributed to a slightly higher catalytic performance of the sorbent towards CO
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consumption through WGS. The more frequent regenerations during SER short
1 could have also allowed a generally higher activity of the sorbent towards the
formation of liquid precursors of coke, which could have contributed to the higher
coke formation observed during SER short 1. During the second cycle, no CO
was detected at the reactor outlet, similarly to what occurred during SER short
1 experiment. Since the sorbent was not regenerated every 2 h, the other
identified difference was that the higher purities of the outlet stream in H, before
and during the breakthrough were not observed so often, but only at the

beginning of the test and at 6 h, after sorbent regeneration (Fig. 5.2.11).
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Fig. 5.2.11 - Comparison of the evolution of the purity of Hz over 13 h between TR short
1 and SER short 2 experiments (conditions provided in Table 5.2.1). The vertical dashed
line represents the moment at which sorbent regeneration with N2 was performed.
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5.2.3.2.1.5 Long term operation with frequent catalyst and sorbent
oxidative regeneration

Even though it has been observed in SER long 2 that regenerating the

catalyst partially hid the CO; capture effect at the beginning of the process, due

to regeneration of the methanation sites, it was also observed in SER short 1

and 2 experiments that the post-breakthrough region is also very important, as

the catalytic activity of the sorbent towards mainly WGS leads to a higher
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performance of the SER as compared to the TR. Moreover, it has been observed
in TR short 2 run that a considerable enhancement of the process performance
was obtained when periodic oxidative regeneration was performed [43]. For that
reason, a third 16 h test (SER short 3) consisting of four 4 h cycles with
intermediate regenerative oxidation was performed.

Once again full total glycerol conversion was observed throughout the
experiment (Fig. 5.2.12), similarly to what occurred during TR short 2. In terms
of conversion of glycerol into carbon-containing gaseous products in the post-
breakthrough region, a very similar behavior was observed throughout the
cycles, similarly to what was observed in TR short 2 test. Moreover, once again
the initial post-breakthrough glycerol conversion into carbon-containing gaseous
products was in general similar to that obtained in the TR and for higher reaction
times the conversions obtained in the SER decreased less than in the TR.
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Fig. 5.2.12 - Comparison of the evolution of both total glycerol conversion and post-
breakthrough glycerol conversion into carbon-containing gaseous products over 16 h
between TR short 2 and SER short 3 experiments (conditions provided in Table 5.2.1).
The vertical solid lines represent the moments at which oxidative regeneration was
performed.

Regarding the products yields, Fig. 5.2.13, the behavior observed here

during the first 4 h reaction cycle was very similar to what was observed during
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the first 4 h of SER short 2 (Fig. 5.2.10). The main difference occurs in the
subsequent cycles, where the yields of the first cycle are almost completely
recovered. Namely in terms of H,, CO2 and CO, their yields varied very similarly
during the 4 reaction cycles. The maximum of H> observed during cycles 2-4
may have been missed between loops in cycle 1 as it was not observed. As for
CHa, on the other hand, the maximum initially observed slightly decreased

throughout the reaction cycles.
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Fig. 5.2.13 - Comparison of the evolution of the yields of (a) Hz, (b) COz2, (c) CO and (d)
CHa over 16 h between TR short 2 and SER short 3 experiments (conditions provided in
Table 5.2.1). The vertical solid lines represent the moments at which oxidative
regeneration was performed.

The particular behavior observed for CO during the 3 tests performed in
the SER might help to better understand how coke formation selectively affected
the catalytic activity towards the desired reactions, i.e. glycerol decomposition

and WGS. While in SER short 1 experiment CO was observed only during the
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second hour of the first 2 cycles, in SER short 2 it was observed, only in the first
cycle, after the first hour of reaction and remained until 6 h. In SER short 3 (the
only one where oxidative regeneration has been employed), CO was observed
after the first hour of each reaction cycle; after 16 h CO was still being detected
at the reactor outlet. As observed in TR short 2 test, while high WGS inhibition
occurred during the first moments, during the rest of reaction time CO
concentration decreased gradually, meaning that glycerol decomposition sites
suffered a more progressive deactivation over time. Therefore, during the post-
breakthrough in the SER the catalyst should be mainly active towards glycerol
decomposition into syngas and K-MG30 should contribute significantly to the
conversion of CO through WGS. The appearance of CO in SER short 3 run
probably means that K-MG30 was not active enough to convert all CO being
produced by the catalyst. In other words, K-MG30 was probably deactivating
faster than the catalyst. This probably occurs because K-MG30 is used for CO-
sorption and, consequently, less active sites are used for catalyzing the WGS
reaction. Since in SER short 1 run the sorbent was regenerated every 2 h with
N2, it was able to recover part of its catalytic activity, possibly at the expense of
the decrease in CO; sorption capacity, and so all CO was once again fully
consumed. At the same time the catalyst kept deactivating and a point was
reached in which the activity of K-MG30 towards WGS during the 2 h cycles
remained higher than the catalyst activity towards CO production. On the other
hand, during SER short 2 experiment K-MG30 was only regenerated with N, at
6 h and that is why CO was observed for 6 h during this test. After sorbent
regeneration, partial recovery of the WGS activity of K-MG30 probably occurred,
thus remaining more active towards CO consumption than the catalyst towards
CO generation. Finally, in SER short 3 experiment, since both catalyst and K-
MG30 were oxidatively regenerated, both recovered their respective catalytic
activities and assuming that K-MG30 deactivates faster than the catalyst, CO

was always observed after the first hour of each reaction cycle.
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In terms of post-breakthrough selectivity towards H> production (Appendix
E, Fig. E.3), a slight decrease over time was observed for the different cycles in
the SER, being that these were once again in average between 50-75%. As for
the selectivity towards CO,, very similar values to those obtained during both
SER short 1 and 2 were observed throughout all the test. In terms of CO and
CHa4, their selectivities were also very similar to those observed during SER short
1 and 2 except that for CO, whose selectivity started increasing after the first
hour of every reaction cycle and was noticeable even after 16h. This is related
to what was discussed above. In terms of H; purity (Fig. 5.2.14) initial process
peaks were observed at the beginning of each cycle once again due to CO;
capture. In general, overall performance during the four reaction cycles in the

SER was similar, evidencing the effectiveness of the oxidative regeneration.
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Fig. 5.2.14 - Comparison of the evolution of the purity of Hz over 16 h between TR short
2 and SER short 3 experiments (conditions provided in Table 5.2.1). The vertical solid
lines represent the moments at which oxidative regeneration was performed.
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For SER short 3 experiment, the amounts of carbon burned during the
three oxidative regenerations are summarized in Table 5.2.3, while the CO, and
CO profiles obtained during such regenerations are presented in Fig. E.4

(Appendix E). More carbon deposits were observed during these experiments,
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in accordance with the superior carbon content in SER short 3 run compared to
TR short 2 measured through EDS (Table 5.2.2). This could mean that the
removal of CO,, during sorption-enhanced, might have enhanced the formation
of carbon in the catalyst, for example through Boudouard reaction (Eg. (5.2.6)),
where COg; is the co-product. In fact such strongly exothermal reaction could be
favored by the low temperature used [48] and it has been described as one of
the main sources of deactivation in GSR [49]. Since this was not observed in our
previous thermodynamic analysis [12], this result could be more influenced by
the catalyst selectivity towards coke formation than by the process
thermodynamics. Moreover, if the formation of coke deposits was enhanced by
CO; sorption, a considerable portion of the observed coke should have been
formed during the pre- and breakthrough periods. This could be the reason for
the similar conversion of glycerol into carbon-containing gaseous products
observed in the SER at 1 h of each cycle. Afterwards, as both catalyst and K-
MG30 worked as catalysts, the formation of coke was distributed by both, as
observed in the EDS results, and this might be the reason for the lower loss of
catalytic activity towards gaseous products. Also it was observed during SER
short blank that K-MG30 possessed some activity towards glycerol
decomposition into CO and H;. This could have also contributed to the higher
production of gaseous products in the SER, despite the higher coke formation.
In case Boudouard reaction occurred significantly, it also contributed to the lower
amounts of CO measured in the SER.

This higher formation of gaseous products and carbon deposits implies
that the intermediate liquid products formed were converted to a higher extent in
the SER. Furthermore, the higher coke formation could be associated to a more
selective production of intermediate liquid products that are potential coke
precursors. As already discussed, the presence of K-MG30 could have
promoted oligomerization reactions that lead to the formation of coke promoters.

If these compounds are not reformed to produce gaseous products, the acid-
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base sites of K-MG30 could have kept promoting the dehydrogenation of these
species, ultimately leading to the formation of carbon deposits [50]. This could
mean that such coke precursors will be formed when hydrotalcite-like materials
contact with glycerol under conditions similar to those here adopted, regardless
of the catalyst used. Considering that hydrotalcites are the best option for CO
sorption at around 673 K, a possible alternative could be to use, before the mixed
catalyst/sorbent bed, a catalyst bed where glycerol would be converted into
syngas. That way the hydrotalcite would not promote such undesired reactions,
besides CO; sorption and WGS. Another possibility would be to use modified

hydrotalcites that are less selective towards the formation of coke precursors.

Table 5.2.3 - Amount of carbon deposited on both catalyst and sorbent used in SER
short 3 experiment that was gasified during each oxidative regeneration.

Moment of oxidative Gasified carbon /
regeneration / h MYc * Goarisorb
4 90.5
8 104.4
12 108.4

5.2.3.2.2 Sorption-enhanced membrane reactor

Before being used, an initial membrane activation procedure was carried
out and permeation tests were performed, as detailed in Appendix E. Afterwards,
two 4 h GSR experiments with intermediate oxidative regeneration were carried
out in the SEMR. A comparison between the SER and SEMR in terms of both
total glycerol conversion and glycerol conversion into carbon-containing
gaseous products is established in Fig. 5.2.15. The results obtained during SER

short 3 experiment are used for this comparison.
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Fig. 5.2.15 - Comparison of the evolution of both total glycerol conversion and post-
breakthrough glycerol conversion into carbon-containing gaseous products over 8 h
between the SER and SEMR (conditions provided in Table 5.2.1). The vertical solid line
represents the moment at which oxidative regeneration was performed.

Total glycerol conversion above 99% was obtained in the SER during the
whole test, as already observed previously, and the same was observed in the
SEMR. Regarding glycerol conversion into carbon-containing gaseous products,
after the first hour of each reaction cycle (post-breakthrough region), an increase
was observed from the SER to the SEMR. Therefore, it can be concluded that
the addition of the membrane increased the production of carbon-containing
gases. In other words, since the total glycerol conversion is the same in both
reactors, the conversion of glycerol into liquid products and coke decreased.

For a more precise understanding of the effect of the membrane, the
evolution over time of the yields of Hz, CO, CO and CH, is presented in Fig.
5.2.16 for both the SER and SEMR. More H; was produced in the SEMR than
in the SER during both reaction cycles. During the pre-breakthrough, maximum

H. yields of approximately 3.6 mol - molz} glycerol Were attained for both cycles

when using the Pd-Ag membrane, while the maximum H; yields obtained in the

SER during the pre- and breakthrough were around 1.6 mol - molz} glycerol- 1NIS

corresponds to an enhancement of 125%.
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Fig. 5.2.16 - Comparison of the evolution of the yields of (a) Hz, (b) COz2, (c) CO and (d)
CH4 over 8 h between the SER and SEMR (conditions provided in Table 5.2.1). The
vertical solid line represents the moment at which oxidative regeneration was performed.

Moreover, in the SEMR, CH, only started being observed at the reactor outlet at
the beginning of CO, breakthrough (Fig. 5.2.17). Methanation inhibition occurred
during the breakthrough and post-breakthrough periods, which resulted in a new
increase of the H, yield. However, the yield of H, during methanation inhibition
did not increase to values above those observed during the pre-breakthrough,
contrarily to what was observed in the SER. The difference is that while in the
SER simultaneous production of H, and CHs was observed in the pre-
breakthrough region, more noticeable in Fig. 5.2.3 (a), which certainly avoided
the attainment of higher H; yields, in the SEMR only H> was produced in the
same region and so no H, was consumed for CH4 production. This can be more
clearly seen in Fig. 5.2.17. While H, removal from the gas phase by the

permselective membrane directly affects methanation reactions, CO, removal
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by the hydrotalcite might only have an indirect influence on it (assuming CO
methanation, Eq. (5.2.4), was the main CH. production path, also according to
our previous observations [43]). The combination of both might be the
responsible for the retarded CH4 production in the SEMR as WGS was probably

the most favored reaction with both its products being removed.
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Fig. 5.2.17 - Evolution over time of the yields of gaseous products during the first minutes
of each reaction cycle in the SEMR (conditions provided in Table 5.2.1). The vertical
solid line represents the moment at which oxidative regeneration was performed.

The yields of CO; observed after the breakthrough in the SEMR were also
higher than those obtained in the SER, which is clearly associated to an
enhanced WGS due to the presence of the membrane. As the reaction in the
SEMR proceeded, the difference between both SEMR and SER decreased,
which might be related to membrane deactivation, potentially due to coke
formation [36] and poisoning by mainly CO [25, 29].

Even though higher H. yields were observed during both reaction cycles
in the SEMR, the same was not observed for the selectivity towards H-, as only
during the second reaction cycle the beneficial effect of using the SEMR on the
H, selectivity was observed (Appendix E, Fig. E.6). During the first cycle
reaction, the difference between the H, yields obtained in the SER and SEMR
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after the first hour of reaction was not significant, and inherently selectivities
were rather similar. On the other hand, the production of the carbon-containing
gaseous products was not so affected, and for that reason the post-breakthrough
selectivity towards H, was similar in both reactor configurations during the first 4
h. As for the other post-breakthrough gaseous products selectivities, no
significant changes from the SER to the SEMR were observed (Appendix E, Fig.
E.6).

Finally, one of the main advantages of the SEMR is the purity of the
obtained H,. First of all it was possible to obtain 100% pure H- in the permeate
side during the whole experiment due to the nearly infinite selectivity of the used
Pd-based membrane towards H,. The percentage of H. recovered in the

permeate side during the experiment is depicted in Fig. 5.2.18.
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Fig. 5.2.18 - Evolution of Hz recovery in the permeate side over 8 h in the SEMR. The
vertical solid line represents the moment at which oxidative regeneration was performed.
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It can be noticed that higher H, recoveries were obtained in the pre-breakthrough
region, with values in the range of 70-100%. Moreover, during most of the pre-
breakthrough period no other gaseous products besides H, were detected in the
retentate stream, meaning that approximately 100% pure H, was also being

obtained in the retentate side. In other words, if this process was carried out in
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a multi column system that would allow to continuously operate in the pre-
breakthrough region, highly pure H> would be continuously obtained in both
retentate and permeate sides. The application of the simulated moving bed
membrane reactor concept employing a mixed catalyst/sorbent bed [51] could
be an even more attractive solution for the continuous operation in the pre-
breakthrough region. Another advantage of working continuously in the pre-
breakthrough region is the fact that CO and CO; are not present, thus avoiding
the poisoning of the membrane.

During the post-breakthrough less H, was recovered, as seen in Fig.
5.2.18. In fact, during the second reaction cycle an almost linear decrease of H;
recovery was observed over time, which could be associated to poisoning of the
membrane caused by mostly CO, and coke that could have been depositing on
the membrane, as well as on the catalyst and on the sorbent (for the case of
coke), as already discussed. Furthermore, the production of H, decreased over
time in detriment of other species, which resulted in a decrease of the H-
permeation driving force, thus contributing to the decrease of H; recovery. In
order to understand how much carbon deposits were formed during the SEMR
operation, the concentration profiles of CO, obtained during the 2 oxidative
regenerations performed (Appendix E, Fig. E.7) were used to estimate the
amounts of coke gasified in each case, which are summarized in Table 5.2.4. In
this case the CO; profiles are considerably more flat than those obtained in the
SER (Appendix E, Fig. E.4) since air was considerably more diluted with N in
order to avoid significant temperature gradients that could potentially damage
the membrane. Consequently, the oxidative regenerations lasted between 13-
15 hin the SEMR instead of 5-6 h in the SER. No significant CO was observed.

Slightly more carbon was gasified during the second oxidative
regeneration in the SEMR (see also Table 5.2.4). Still, the amounts of deposited
carbon that was gasified were lower than those obtained in the SER. In fact, the

total amount of gasified carbon obtained during the second and third oxidative
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regenerations in the SER short 3 experiment (Table 5.2.3) are considerably
higher than those observed in Table 5.2.4 for the SEMR. However, the average
amount of carbon gasified during oxidative regeneration only at 673 K in the SER
was 87.1 + 3.5 mgc - gosorp- Therefore, the combination of both CO, sorption
and H; permeation through the Pd-Ag membrane led to a slight decrease of the
formation of coke in the SEMR comparatively to the SER. Moreover, some of
the gasified carbon was possibly deposited on the membrane, meaning that the
actual amount of gasified carbon that was deposited on both catalyst and
sorbent should be lower than that reported in Table 5.2.4. The fact that both
WGS products were removed at the beginning of the process in the SEMR
instead of only CO; could have played an important role in reducing the
selectivity towards coke formation through CH4 decomposition (methanation was
probably inhibited during that period) and liquid products that could be potential
coke precursors. In the post breakthrough region, since only H, was removed,
CH4 decomposition should have been thermodynamically favored [12].
Boudouard reaction could have also taken place since only very small amounts
of CO were observed. As for both CO and CO: reduction, they were not
thermodynamically favored as excessive amounts of steam were present and
since the reducing agent, H,, was being removed from the reaction medium.
Even though the SEMR would only be operated in the pre-breakthrough
region, coke formation would probably still be observed. Therefore, in order to
avoid coke formation and consequently the need of regenerative oxidation,
catalysts that are more selective towards the formation of gaseous products at
such low temperatures should be integrated and contact between glycerol and
the hydrotalcite should be minimized and/or hydrotalcites less selective towards
coke precursors should be used (as discussed in section 5.2.3.2.1.5).
Furthermore, thinner membranes should be employed, as they would

considerably increase hydrogen permeation fluxes and decrease the initial
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process costs, thus making the SEMR a better candidate to replace conventional

reformers.

Table 5.2.4 - Amount of carbon deposited on the catalyst used in SEMR that was
gasified during each oxidative regeneration.

Moment of oxidative Gasified carbon
regeneration / h Imgc- gokicorn

4 77.3

8 83.6

5.2.4 Conclusions

Two different reaction-separation intensified concepts, SER and SEMR,
were tested for GSR using a Rh-based catalyst and a commercial hydrotalcite-
like material (K-MG30) as CO, sorbent. The occurrence of H,-consuming
methanation in the pre- and breakthrough regions limited the production of H, in
that period, being that when such reaction was inhibited, during the CO; post-
breakthrough, the amount of H, produced increased. Moreover, it was observed
that K-MG30 was catalytically active towards glycerol decomposition into liquid
products, into CO and H; and WGS. EDS analysis suggest that CO, removal
from the reaction medium in the SER enhanced the formation of coke, which
could have happened if the major coke formation route during the pre- and
breakthrough periods was Boudouard reaction. Consequently, the better
performance observed for the SER in the post-breakthrough comparatively to
the conventional TR was probably due to a synergism between the catalyst and
the sorbent: while the catalyst mainly promoted glycerol decomposition into CO

and Hz, K-MG30 was probably the main responsible for converting CO through
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WGS and also for some glycerol decomposition too. The presence of K-MG30
could have also led to a more selective production of liquid coke precursors.
Further enhancement of H, production was obtained by combining both
catalyst and CO; sorbent with an Hz-permselective membrane in a SEMR. The
removal of both WGS products, CO, and H;, avoided the occurrence of
methanation in the pre-breakthrough region, which allowed to reach higher H;
yields during that period comparatively to the SER. This allowed a simultaneous
production of highly pure H; in the retentate and ultra-pure H; in the permeate.
Moreover, since there was no CO in the pre-breakthrough, poisoning of the
membrane due to its presence probably did not occur. Therefore, if the SEMR
is applied in a multi column system or even in a simulated moving bed system
(thinner membranes would be required) that allows continuous operation in the
pre-breakthrough region, ultra-pure (depending on the thinner membranes
selectivites) and highly pure Hz would be continuously obtained in the permeate
and retentate streams, respectively, and at higher flow rates than in the SER.
After the CO; breakthrough a decrease in performance was observed, but higher
H, and carbon-containing gaseous products production in comparison to the
SER was still observed due to continuous H> removal (operation as a MR).
Slightly lower formation of carbon deposits was observed in the SEMR, which
could be associated to CHs decomposition inhibition and/or to the partial
inhibition of the reactions that lead to the formation of liquid coke precursors.

Notation and Glossary

Fir Molar flow rate of glycerol fed to the reactor
Fout Molar flow rate of unreacted glycerol at the reactor outlet
Fpermeate Molar flow rate of H> permeating through the membrane
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Fjjgtentate Molar flow rate of Hz at the retentate side
FPut Molar flow rate of species i at the reactor outlet
Pury, Purity of produced H:
Rey, Recovery of Hz in the permeate side
Sci Selectivity towards carbon-containing gaseous products
Sn, Selectivity towards H2 comparatively to carbon-containing gaseous
products
X6 gas Glycerol conversion into carbon-containing gaseous products
X6 total Total glycerol conversion
Y; Yield of species i
Greek letters
AH?98K Reaction enthalpy at 298 K

List of acronyms

EDS Energy Dispersive Spectroscopy

GSR Glycerol Steam Reforming

MR Membrane Reactor

TR Traditional Reactor

SEM Scanning Electron Microscopy

SEMR Sorption-Enhanced Membrane Reactor
SER Sorption-Enhanced Reactor

WGFR Molar Water/Glycerol Feed Ratio

WGS Water-Gas Shift
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Chapter 6. Conclusions and Future Work

6.1 Conclusions

This thesis focused on the energetic valorization of the main biodiesel by-
product, glycerol, by means of H, production through glycerol steam reforming
(GSR), and how it could be ultimately enhanced by applying a hybrid reaction-
separation sorption-enhanced membrane reactor (SEMR) system. In this sense,
an initial theoretical thermodynamic and phenomenological analysis of the GSR
was carried out, a thorough experimental assessment of high temperature CO-
capture over hydrotalcite-like materials was performed, and the process was
experimentally evaluated in a traditional reactor (TR), sorption-enhanced reactor
(SER) and SEMR.

Aiming to better understand the thermodynamic boundaries of the GSR
process performed in different reactor configurations, a thermodynamic analysis
was performed. For all cases considered and in the whole range of the study,
full glycerol conversion was obtained, which could be a strong indicator of the
irreversibility of the glycerol decomposition into syngas reaction. Higher
undesired CH4 production was attained in the TR and a progressive decrease
was obtained in the order: SER, membrane reactor (MR) and SEMR. As for the
other undesired by-product, coke, the results suggest that in the thermodynamic
equilibrium most coke is formed through methane cracking. It was also
concluded that the SEMR led to a much more significant enhancement of H»
production, comparatively to the SER, MR and TR, at lower temperatures (c.a.
600-700 K) as compared to the higher temperatures studied (c.a. 800 K). Still,
higher temperatures, molar water/glycerol feed ratios (WGFRs) and lower

pressures favor Hz production in the SEMR. Ultimately, the maximum theoretical
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H; yield of 7 mol - mol}  was obtained in the SEMR at 800 K, WGFR

converted glycero
of 9 and 1 atm.

In order to complement this thermodynamic assessment by simulating
more realistic reaction conditions, a phenomenological model describing the
GSR process in a TR was developed and validated. Contrarily to what was
observed in the thermodynamic equilibrium, incomplete glycerol conversion was
observed under most of the simulated conditions. Moreover, it was concluded
that higher temperatures and WGFRs led to higher glycerol conversions and H-
production, but this time because they favoured both glycerol consumption and
H. production kinetics. However, on contrary to what was observed in the
thermodynamic analysis, even though higher pressures resulted in lower
hydrogen yields (moles of H> produced per mole of glycerol converted), they led
to higher total glycerol conversions and hydrogen production (moles of H-
produced per mole of glycerol fed). The absolute production of H, increased until
full total glycerol conversion was reached. From that point on, subsequent
increments of pressure decreased the flow rate of produced H. as the kinetics
of H2 production was less favoured than those of CO,; and CH,4. Consequently,

a maximum H, production of 4.93 mol - molg.g g1ycerol WasS reached at 848 K,

WGFR of 9 and 2 atm.

Considering that the operation of both SER and SEMR is significantly
dependent on the CO, sorbent that is integrated in the hybrid reactor, an
experimental assessment of several hydrotalcite-like materials was performed
under static conditions. Four materials were prepared and calcined at 673 K,
having been concluded that the modification with potassium and partial
substitution of aluminum with gallium enhanced considerably the CO; sorption
capacity of the calcined hydrotalcites, especially potassium incorporation.
Microwave again also contributed positively to the increase of the sorption
capacity. The prepared cK-HTCGa MW sample presented an outstanding CO»
capture of 2.09 mol-kg™* at 573 K, 3.10 bar of CO, and under dry conditions. The
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sorption kinetics was also evaluated assuming two kinetic contributions: an initial
fast contribution followed by a slower one. The model predicted accurately the
experimental CO; uptakes of the four materials, having been observed that the
modification of the hydrotalcites with potassium slowed both fast and slow
sorption contributions, possibly due to limited diffusion of CO- to the active sites
inside the partially blocked pores; in fact, a considerable BET surface area
decrease was observed upon impregnation of the hydrotalcites with potassium.
Nevertheless, cK-HTCGa MW still presents considerably higher sorption
capacities after just a few minutes than commercial hydrotalcites would after
hours of CO, exposure.

For that reason, cK-HTCGa MW was submitted to long term dynamic CO»
sorption experiments, where the sorbent was under conditions more similar to
those typically employed during sorption-enhanced processes. After 7-8
sorption-desorption cycles cK-HTCGa MW reached a sorption working capacity
of around 0.70 mol'kg™ at 6 bar, 673 K, 15 vol% CO, and under dry conditions,
which represents an almost 2-fold increase in comparison to commercial K-
MG30 hydrotalcite from Sasol, commonly used as reference. Moreover, higher
total pressures, higher CO, contents in the feed and higher temperatures (in the
range 573 - 673 K) benefited CO, capture on cK-HTCGa MW. Also, higher
pressures and temperatures allowed better bed usage efficiencies. Sorption
experiments under wet conditions were also carried out with the cK-HTCGa MW,
having been observed that the material benefited with the presence of steam in
terms of CO; sorption capacity and bed usage efficiency. Increments in sorption
working capacity of 90% and 200%, comparatively to dry conditions, were
observed when 5 and 10 vol% of H.O were employed in the feed. This
enhancement of the hydrotalcite performance could be partially associated to
the mobilization of both potassium and gallium towards the sorbent surface
during the wet tests that was observed through Energy dispersive spectroscopy

(EDS) elemental distribution mapping.
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Finally, the experimental analysis of the catalytic GSR process was carried
out using a Rh supported on alumina catalyst, provided by Johnson Matthey.
Firstly, the process was carried out in a TR at 673 K, 4.5 bar and WGFR of 19.
Due to the observed coke formation, which resulted in the decrease over time of
both total glycerol conversion and mainly glycerol conversion into carbon-
containing gaseous products, the GSR was combined with periodic oxidative
regeneration of the catalyst. This resulted in a much better average catalytic
performance over time as compared to the previous reaction runs, since almost
full recovery of the catalytic activity was observed after each oxidative
regeneration. This way, the total glycerol conversion remained above 99%
during the whole 16 h test. Also, maximum initial glycerol conversions into
carbon-containing gaseous products and H. yields between 67 and 74% and 2.1

and 2.6 mol-molf‘eldglycerol, respectively, were obtained in the four cycles.

Moreover, the purity of H, remained between 50 and 60% during the reaction
runs.

In order to further enhance GSR performance, namely in terms of H; yield
and purity, both SER and SEMR where tested. The SER enhanced the
production of H, not only in the CO; pre- and breakthrough region, but also in
the post-breakthrough period. While in the first case CO> sorption plays an
important role in such enhancement, in the later the enhanced behaviour of the
SER as compared to the TR is attributed to the catalytic activity of the sorbent,
K-MG30 hydrotalcite, towards glycerol decomposition into syngas and mainly to
water-gas shift (WGS) reaction. EDS results suggest that longer operation in
both pre- and breakthrough regions resulted in higher coke formation, thus
implying that Boudouard reaction could have been enhanced by CO, sorption,
in opposition to the prediction of the thermodynamic analysis. The catalytic
activity of K-MG30 towards the formation of liquid coke precursors could have

also contributed to this higher coke formation. This clearly indicates that the SER
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operates in the kinetic regime, where the results are highly dependent on the
reaction path.

A much more significant improvement of the H; yield was obtained in the
SEMR, where an increase of the H. yield in the CO, pre- and breakthrough

region from 1.6, in the SER, up to 3.6 mol - molg} glycerol Was reached. Since in

the SEMR CH4 formation was completely inhibited during the pre-breakthrough,
on contrary to what was observed in the SER, not only more H, was produced
(because it was not consumed in the parallel methanation reaction(s)), but also
the H; obtained in the retentate side was highly pure since no other gaseous
products were detected. Moreover, the H; recovered in the permeate side, which
was most of the produced H: during pre- and breakthrough, was ultra-pure due
to high Pd-Ag membrane selectivity. Also, since CO was not observed during
the pre-breakthrough, membrane poisoning due to its presence probably did not
occur. Therefore, if the SEMR is operated only in the pre-breakthrough region,

two streams of highly pure and ultra-pure H, would be continuously obtained.

6.2 Limitations

Modeling the GSR process is quite challenging, as several reaction
pathways involving not only the formation of gas products (e.g. Hz, CO,, CO and
CHg), but also the formation of liquid products (e.g. through dehydration;
hydrogenolysis; polymerization) [1] and carbon deposits are possible [2,3]. Even
though the kinetics used in subchapter 3.2 was taken from the literature [4] and
considered as the most complete at the time, it only considered the involvement
of gas products in GSR and not the presence of liquid products nor coke.
Therefore, such kinetics and, consequently, the phenomenological model would
not be adequate to describe a GSR system as complex as the one

experimentally studied in chapter 5. Also, since the thermodynamic equilibrium
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was not taken into consideration by the used kinetics, it did not allow simulating
equilibrium dislocating reactor concepts such as SER, MR and SEMR.

In chapter 4 it was observed that the potassium-doped gallium substituted
and microwave aged hydrotalcite presented higher overall performance than
most hydrotalcites reported in the literature, especially commercial materials.
However, the amount of such material that can be prepared per cycle in the
facilities of either GIR-QUESCAT (University of Salamanca — Spain) or LEPABE
(University of Porto — Portugal) is quite limited considering the amounts normally
required to perform experiments in the SER and SEMR (subchapter 5.2). For
that reason, the commercial CO, sorbent from Sasol, K-MG30, was used during
the SER and SEMR experiments carried out in subchapter 5.2.

Since there was not enough time to perform a catalyst screening that
would probably result in the selection of a more adequate material, a commercial
catalyst supplied by Johnson Matthey was used in chapter 5, which ultimately
led to significant formation of coke and undesired liquid products. An in-house
prepared catalyst, which could potentially be more adequate than the one used,
could have been tested and used if not subject to the same restrictions above-
mentioned for the hydrotalcite.

The size of the Pd-based membrane and membrane module used in
subchapter 5.2 in the SEMR limited the amount of catalyst and sorbent that could
be used during the experiments, thus limiting mostly the breakthrough times of
CO.. Moreover, since a comparison between the SEMR and both SER and TR
was to be established, the limited size of the membrane also limited the size of
the reactors to be used during both SER and TR experiments. The relatively high
thickness of the membrane (100 um) was another limiting feature that did not
allow the attainment of higher H, recoveries in the permeate side during SEMR

experiments.

326



Conclusions and Future Work

6.3 Perspectives

Following the limitations presented, several possibilities of work to be
developed in the near future might be perspectivated. For the more realistic
simulation of the GSR process, more complex kinetics that predict not only the
conversion of glycerol into gas products, but also into liquid products and coke
are necessary. Furthermore, the equilibrium of the several reactions involved
should also be taken into consideration. That way it would also become possible
to simulate the GSR process in multifunctional reactor concepts such as SER,
MR and SEMR, which involve the shift of the thermodynamic equilibrium. For
that, equations related to the sorption phenomena (in the sorbent) and
permeation (through the membrane) should be considered as well, yielding a
system of partial differential equations where the time coordinate has to be
accounted as well. Also, more complex models could be developed and
validated for conditions closer to real operation. For example, considering
external and internal mass and heat transfer resistances and radial profiles.

The incorporation of highly improved hydrotalcites, such as the one
developed and tested in chapter 4, in SER and SEMR for GSR would also be
desirable. The fact that such materials show such high sorption capacities, for
example, would allow the attainment of much higher breakthrough times and,
consequently, the need for less frequent sorbent regeneration. With that in mind,
it would be desirable that the synthesis process of the hydrotalcites was scaled
up so that more significant amounts of material could be produced in each batch.

A deep catalyst screening aiming to find an appropriate GSR catalyst that
is less selective towards undesired liquid products and coke and more selective
towards H. should be carried out. At the same time, it would be important to find
an equilibrium between price and performance. While Ni-based catalysts are
cheaper, noble metal-based catalyst are typically more active and stable [5].

Among the noble metals, Ru is the least expensive [6], for which it could
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constitute a strong candidate. On the other hand, huge research has been done
on Ni-based catalysts [6], which has been leading to the progressive optimization
of their performance in GSR. For that reason, Ni-based catalysts would definitely
be another strong possibility. Finally, the synthesis and use of hybrid materials
who are able to catalyze GSR and simultaneously capture the produced CO-
should be considered as well.

The use of longer and thinner membranes (ca. a few units of um), which
would allow the use of higher amounts of both catalyst and/or sorbent (longer
CO; breakthroughs) and the attainment of higher recoveries of H; in the
permeate side, should be considered to be incorporated in the SEMR. That way,
not only a better performance of such hybrid reactor would be obtained, but also
the associated costs would possibly be reduced.

Finally, a deep economic analysis of the GSR process should be carried
out in order to more precisely assess the feasibility of using biodiesel-derived
glycerol for syngas and/or H; production through GSR or even, eventually,
combining both biodiesel production process and GSR in the same plant.
Moreover, the use of intensified reactor concepts such as SER, MR and SEMR

at industrial scale should be economically assessed as well.

6.4 References

[1] Pompeo, F., G. Santori, and N.N. Nichio, Hydrogen and/or syngas from steam
reforming of glycerol. Study of platinum catalysts. International Journal of Hydrogen
Energy, 2010, 35(17), 8912-8920.

[2] Tran, N.H. and G.S.K. Kannangara, Conversion of glycerol to hydrogen rich gas.
Chemical Society Reviews, 2013, 42(24), 9454-9479.

[3] Lin, Y.-C., Catalytic valorization of glycerol to hydrogen and syngas. International
Journal of Hydrogen Energy, 2013, 38(6), 2678-2700.

328



Conclusions and Future Work

[4] Cheng, C.K., S.Y. Foo, and A.A. Adesina, Glycerol Steam Reforming over Bimetallic
Co-Ni/AI203. Industrial & Engineering Chemistry Research, 2010, 49(21), 10804-
10817.

[5] Silva, J.M., M.A. Soria, and L.M. Madeira, Challenges and strategies for optimization
of glycerol steam reforming process. Renewable and Sustainable Energy Reviews,
2015, 42, 1187-1213.

[6] Sundari, R. and P.D. Vaidya, Reaction Kinetics of Glycerol Steam Reforming Using
a RU/Al203 Catalyst. Energy & Fuels, 2012, 26(7), 4195-4204.

329






Supporting information for subchapter 3.1

Appendix A. Supporting information for
subchapter 3.1

Methodology

The total Gibbs energy is defined as follows:

nG = Z(ni(fi) (Al)

where nG is the total Gibbs free energy and G; and n; are the partial molar Gibbs
free energy and the molar quantity of species i in the gas mixture,

respectively. G; and the fugacity of species i in the gas mixture, 7,, can be defined

as:
G = GY +RTIn(f,/£") (A.2)
fi= yiP®; (A-3)

where G is the partial molar Gibbs free energy of species i at its standard state,
R and T are the ideal gases constant and operating temperature, respectively,
1 is the fugacity of species i at its standard state, y; is the molar fraction of
species i in the gas mixture, P is the total pressure in the reactor and ¢; is the
fugacity coefficient of compound i in the gas mixture. After considering the
restraints of the mass balances (3;;(n;a;;) = 4;), the minimum Gibbs free energy

of the system is expressed as [1-3]:

Z n (Aaﬁi + RT In(P) + RT In(y,) + RT In($,) + Z(Akaik)> =0 (A.4)
k

i=1
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where n; is the molar flow rate of species i, a;, and A4, the number of atoms of
the k™ element present in each molecule of species i and the total mass of the
kth element in the feed, respectively, AG; is the standard Gibbs free energy of
formation of species i and 4, is a Lagrange multiplier.

When solids are included as well, the vapor-solid phase equilibrium must
also be taken into consideration. If solid carbon is considered, Eq. (A.4)

becomes:

Z n; (AG})l- +RT In(P) + RT In(y,) + RT In(¢,) + Z(Akaik)>
k

i=1

(A.5)
+ (neAGP ) =0

where n¢ and AG;., are the molar flow rate and the standard Gibbs free energy
of formation of solid carbon, respectively.

The property method used during the simulations was the Soave-Redlich-
Kwong method, which is appropriate for nonpolar or mildly polar mixtures (e.g.
hydrogen, carbon dioxide, methane, etc.) and for high temperature processes
[4].

In order to simulate a SEMR, the sequential modular approach illustrated
in Fig. A.1 was employed.
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Fig. A.1 - Sequential modular simulation diagram of the SEMR with ASPEN PLUS.
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Fig. B.1 - Simulated profiles of (a) glycerol partial pressure and (b) steam partial
pressure under different temperatures, WGFRs and at 1 atm.
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Fig. B.2 - Temperature profiles obtained under different pressures at (a) 823 K and (b)
773 K at WGFR of 9.
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Fig. C.1 - EDS analyses for cK-HTCGa MW after CO:2 sorption tests at 573 K showing
the C, O, K, Mg, Al and Ga distribution in a a) large flat surface zone (Z1), b) irregular

shape zone (Z2) and c) needle-like zone (Z3).
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Fig. C.2 - Uptake curves (expressed in mol-kg?) for CO2 sorption at 0.20 bar and 573 K

for a) cHTC, b) cK-HTC, ¢) cK-HTC MW and d) cK-HTCGa MW.
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Fig. C.3 - Uptake curves for CO2 sorption when pressure is increased from 0.20 bar up
to 0.51 bar and at 573 K for a) cHTC, b) cK-HTC, ¢) cK-HTC MW and d) cK-HTCGa MW.
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Table C.1 - Parameters of Eq. (4.1.3) obtained through fitting of the experimental CO:
uptakes for the four samples when pressure is increased from 0.20 bar up to 0.51 bar
and at 573 K.

(91 — 90)

Sorbent 2110t/ 22 %106 /s ———— X100
r r (9o — q0)
CHTC 2.16 10.93 41
cK-HTC 5.28 1.28 16
cK-HTC MW 4.84 1.36 16
cK-HTCGa MW 2.31 0.80 32

Here q, represents the equilibrium CO, sorption capacity at 573 K and

0.20 bar obtained for each material.
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Fig. C.4 - Comparison of the uptake curves for the case in which the pressure is
increased from 0.20 bar up to 0.51 bar obtained through non-linear fitting of Eq. (4.1.3)
to the experimental data for the different samples: a) F;, b) F, and c) F,,,,4-
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Fig. C.5 - Uptake curves (expressed in mol-kg?) for CO2 sorption when pressure is
increased from 0.20 bar up to 0.51 bar and 573 K for a) cHTC, b) cK-HTC, c) cK-HTC
MW and d) cK-HTCGa MW.
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Fig. D.1 - TG of sample fK-HTCGa MW at 673 K during 4 h.
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Fig. D.2 - Temperature profiles obtained by the thermocouple placed at 80 mm during
the stabilization (experiments 1-11) and verification (experiments 16-18 and 21) cycles
performed at 673 K, 15 vol% CO: balanced with N2, under dry conditions and total
pressure of 6 bar for a) sorption and b) desorption.

The initial oscillations observed in Fig. D.2 (b) are due to the
depressurization of the system to atmospheric pressure at the beginning of

regeneration.
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Fig. D.3 - Temperature profiles obtained by the thermocouple placed at 80 mm during
the cycles performed at different total pressures (experiments 11-13), 673 K, 15 vol%
CO:2 balanced with N2 and under dry conditions for a) sorption and b) desorption.
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Fig. D.4 - Temperature profiles obtained by the thermocouple placed at 80 mm during
the cycles performed at different CO2 contents (experiments 13-15) balanced with Nz,
673 K, 1.3 bar and under dry conditions for a) sorption and b) desorption.
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Fig. D.5 - Temperature profiles obtained by the thermocouple placed at 80 mm during
the cycles performed at different temperatures, 15 vol% CO:2 balanced with N2, under

dry conditions and 6 bar (experiments 19-21).
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Fig. D.6 - Temperature profiles obtained by the thermocouple placed at 80 mm during
sorption for the cycles performed at 673 K, 15 vol% COg, total pressure of 6 bar and a)
5 vol% H20 (experiments 28-33) and b) 10 vol% H20 (experiments 40-45) balanced with
N2 and comparison with the respective dry cycles performed under the same conditions

(experiment 26 and 38, respectively).
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Appendix E. Supporting

subchapter 5.2

information for

Other results of the sorption-enhanced reactor
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Fig. E.1 - Comparison of the evolution of the selectivities towards (a) Hz, (b) CO2, (c) CO
and (d) CHa over time between TR short 1 and SER short 1 experiments (conditions
provided in Table 5.2.1). The vertical dashed lines represent the moments at which
sorbent regeneration with N2 was performed.

349



Appendix E

100 . b 100 !
a) oo i —e—TRshort1 ) a0 . e e e et
sol ; «— SER short 2 g0l e e °
N, 1 i
] e, R AN & e TRshort 1
o 60 o4 % £ 60 ; —e— SER short 2
T 504 e ; -~ —& “a 50 1
o = o : .
T \ — i !
@ 404 -t S 40 ; oo
i . .
30 - i R e
20+ i 20 :
10+ i 10 |
o T o T
01 2 3 4 5 6 7 8 9 10 11 12 13 01 2 3 4 5 6 7 8 9 10 11 12 13
Time /h Time/h
100 : d 100 ;
C) 904 : —e—TR short 1 ) 90+ ; —e—TR short 1
80 : —s— SER short 2 80 —s— SER short 2
70 : 70 3
2 80 /o/""\o—‘:./"“*o\ £ 60,
8 50 i l\o-‘..i.\. = 50| :
o 40 : § 40 3
30 : 30 |
20 - : 20 3
: . & o8 0o _g o o
10 | LR S Sy S A A
R |
04 .I’ T T T T T T T T T T T 0+ T T T T T T T T T T T
01 2 3 4 5 6 7 8 9 10 11 12 13 01 2 3 4 5 6 7 8 9 10 11 12 13

Time/h

Time/h

Fig. E.2 - Comparison of the evolution of the selectivities towards (a) Hz, (b) CO2, (c) CO
and (d) CHa4 over time between TR short 1 and SER short 2 experiments (conditions
provided in Table 5.2.1). The vertical dashed line represents the moment at which
sorbent regeneration with N2 was performed.
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Fig. E.3 - Comparison of the evolution of the selectivities towards (a) Hz, (b) CO2, (c) CO
and (d) CHa4 over time between TR short 2 and SER short 3 experiments (conditions
provided in Table 5.2.1). The vertical solid lines represent the moments at which
oxidative regeneration was performed.
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Fig. E.4 - Concentration profiles of CO2 and CO obtained during oxidative regeneration
performed during SER short 3 experiment at (a) 4 h, (b) 8 h and (c) 12 h. Continuous
black lines indicate oven temperature set point.
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Permeation tests

Before performing the GSR reaction in the SEMR, the 100 um-thick Pd-Ag
membrane was activated in situ at 673 K by feeding 200 mLy-min of pure H at
5 bar. The Hz in the permeate side was continuously swept in counter-current
mode with 200 mLy-min? of N, at atmospheric pressure. The membrane
activation procedure was carried out for 1 week after which the permeating H>
flux stabilized. Afterwards, pure H, permeation tests were performed under a
wide range of driving forces, having been observed that the experimental data
was in agreement with Sievert’s law (Eq. (E.1)) (as shown in Fig. E.5):

]I._S‘éev = PHZ /6 (\/sz,retentate - \/sz,permeate) (E-l)

where ]f,ie” is the H, permeating flux, Py, is the permeability of the membrane,
6 is the membrane thickness, their quotient (PH2/6) represents the membrane
permeance, py, retentate aNd Pu, permeate are the partial pressures of hydrogen

in the retentate and in the permeate side, respectively.
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Fig. E.5 - H2 permeating flux as a function of the difference between the square roots of
H2 partial pressures in the retentate and permeate sides of the Pd-Ag membrane.
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This means, as expected, that the diffusion of hydrogen through the metal lattice
of this thick membrane is the limiting step, as observed in other works for similar

membranes [1, 2].

The permeability of the membrane was determined through the fitting in
Fig. E.5 and a value of 7.68 x 107° mol - m~!-s~! - Pa=%5 was obtained, which

is similar to the values usually obtained for similar membranes [1, 3].

Other results of the sorption-enhanced membrane
reactor tests
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Fig. E.6 - Comparison of the evolution of the selectivities towards (a) Hz, (b) CO2, (c) CO
and (d) CH4 over time between SER and SEMR. The vertical solid line represents the
moment at which oxidative regeneration was performed.
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Fig. E.7 - Concentration profiles of CO. obtained during oxidative regeneration
performed in the SEMR at (a) 4 h and (b) 8 h (conditions provided in Table 5.2.1).
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