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Abstract 

This thesis presents a series of investigations focused on scaling-up intensified 

liquid-liquid flow processes from single-channel to commercial-scale. The process 

investigated consists of liquid-liquid extractions of U(VI) from nitric acid to an organic 

phase. These extractions are relevant to the safety and sustainability of the nuclear fuel 

cycle. The intensified contactor consists of a tee-junction feeding to a channel with small 

internal diameter (1 to 4 mm) operating under segmented flow pattern.  

Segmented flow contactors intensify liquid-liquid extractions in uranium recovery 

processes because they provide intense mixing, short diffusion distances, and large 

interfacial area at low energy input. Using high-speed imaging, UV-Vis spectroscopy, 

pressure gradient measurements, and dimensional analysis, the operation and design 

trade-offs are quantitatively identified with focus on scale-up. A finite-element model is 

used to corroborate the experimental mass transfer results. 

The scale-up is achieved via numbering-up, which increases the number of 

process units instead of making one larger unit. Economic parallelisation requires 

effective flow distribution. Multiphase flow distribution has been a persistent problem in 

the path towards commercialisation. This problem is addressed by modelling a double 

manifold with a resistance network model and a novel method to quantify maldistribution, 

derived from multivariate statistical analysis. The relationships between the hydraulic 

resistances with maldistribution, pumping power, and the number of channels are 

quantified. 

Finally, the single-channel results and the flow distributor model are used to 

design, build, and test a modular multichannel segmented flow contactor prototype. The 

design and commissioning steps are described along with the experimental 

maldistribution results, including flow distribution and mass transfer results. The 

multichannel contactor can be operated with different number of channels at any time, 

thus changing a long-standing paradigm in reactor design. This promises to accelerate 

process development by facilitating the transition from bench to pilot and commercial 

scales.  
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Impact statement 

The methodologies and results presented in this thesis can have a significant 

impact on academic research, but especially, commercially. 

Some of the peer-reviewed publications that stemmed from the same research 

as this thesis have already been cited by international authors. The vision behind this 

thesis has made its results relevant and long-reaching. Certainly, there will come more 

citations to this work. 

The effective parallelisation of two-inlet process equipment has been a long-

standing problem in chemical engineering. The development of the resistance network 

model and the statistical flow maldistribution descriptors, presented in this thesis, can be 

used to design and build process equipment for a wide range of applications. In this 

thesis, the double manifolds were used to scale-out liquid-liquid extractions, however, 

double manifolds can also be used to scale-out single- and multiphase static-mixer 

processes, as well as gas-liquid, gas-liquid-solid, and liquid-liquid-solid processes under 

any flow pattern. This opens the door to the use of double manifolds in a wide range of 

process industries, including food, pharmaceuticals, petrochemicals, fine chemicals, 

hydrometallurgy, and new sustainable manufacturing industries. 

In order to increase the impact within academic research, the methods developed 

and the results obtained should be applied in future research projects and publish them 

to show their significance and applicability. An effective strategy to maximise the impact 

of this research is to present the outcomes in international meeting and conferences. 

Academic social media platforms like ResearchGate are an important tool to connect 

with interested researchers and permanently showcase the results. 

This thesis is focused on solving hurdles towards commercialisation of intensified 

liquid-liquid processes. Therefore, commercial impact is possible and should be 

prioritised. There are many paths towards commercial impact, the main difference 

among the paths is the stage at which other companies become involved. Early 
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involvement of a private company could accelerate the short-term impact but stifle the 

widespread application of the novel technologies derived from this research. Late 

involvement may block the realisation of the impact due to high costs, delays, and 

commercial inexperience. Timing the partnerships is crucial. 

The benefits of realising the potential impact of this research are necessarily 

reflected in society. For example, an intensified PUREX process would make the nuclear 

fuel cycle more sustainable, safe and low cost. In general, modular intensified multiphase 

reactors could make manufacturing of many critical materials more sustainable, faster to 

develop and improve, and would reduce the costs to consumers. 
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Nomenclature 

  

A Interfacial area, m2 

A’ Cross sectional area, m2 

a Ellipse major axis length, m3 s-1 / 
Specific interfacial area, m-1 

b Ellipse minor axis length, m3 s-1 

C Concentration, mol m-3 

Ca Capillary number 

CV Coefficient of variation 

D Distribution coefficient /  
Diffusion coefficient, m2 s-1 

d Channel diameter, m 

%Eff Extraction efficiency, % 

f Friction factor 

I Cost or investment 

I Identity matrix 

J Jovanovic curvature parameter 

k Mass transfer coefficient, m s-1 

K Mass transfer coefficient, m s-1 

L Channel length, m 

m Slope 

N Number of main channels /  
Molar flux, mol m-2 s-1 

n Moles, mol 

P Power, W 

p Pressure, Pa 

Δp Pressure drop, Pa 

Pe Peclet number 

PRM Phase Ratio Maldistribution 

Q Flow rate, m3 s-1 

Q Flow rates vector 

R Hydraulic resistance 

R Hydraulic resistance matrix 

R2 Pearson Correlation Coefficient 

r Flow rate ratio 

RCV Rotated Coefficient of Variation 

Re Reynolds number 

S Solution vector 

Sh Sherwood number 

u Flow velocity, m s-1 

V Volume, m3 

v Eigenvectors of covariance 
matrix 

We Weber number 

X Exponent in Eqs. 5-12 – 5-16 

Y Exponent in Eqs. 5-12 – 5-16 

 

Greek letters 

γ Interfacial tension, N m-1 

δ Film thickness, m 

ε Volume fraction (holdup) 

θ Correlation angle 

λ Eigenvalues of covariance 
matrix, m6 s-2 

μ Dynamic viscosity, Pa s 

π Diameter-perimeter ratio of a 
circumference 

ρ Density, kg m-3 / correlation 
coefficient 

Σ Covariance matrix 

σ Standard deviation 

τ Residence time, s 
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Subscripts and superscripts 

A1, A2 Distribution sections 

aq Aqueous phase 

B1, B2 Barrier sections 

C Collection section 

c Continuous phase 

d Dispersed phase 

Eff Extraction efficiency 

eq Equivalent / Equilibrium 

h Hydraulic 

i Either phase or fluid  

in Inlet 

j A given channel in a section of 
the double manifold 

k A given channel in a section of 
the double manifold 

mix Mixture 

N1, N2 Number of channels in scale-up 

out Outlet 

p Plug 

R Main section 

s Slug 

T Total 

T,1ch Total, for one channel 

u Unit 

U Uranium 
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1 Introduction 

1.1 Sustainable innovation in chemical engineering and process 

intensification 

This thesis investigates the hydrodynamics and mass transfer of two-phase 

systems in small channels and their scale up. In particular, the process investigated is a 

liquid-liquid extraction relevant to the reprocessing of spent nuclear fuel (SNF). The work 

is presented in the wider context of major sustainability challenges faced by the process 

industries and chemical engineering research. As such, this dissertation responds to the 

call of The Sustainable Development Goals (SDGs) set by all the nation members of the 

United Nations in 2015 [1]. Primarily, to SDGs 7, 9, and 12: 7 Affordable and clean 

energy; 9 Industry, innovation, and infrastructure; 12 Responsible consumption and 

production (Fig. 1-1). Technical innovation is needed to achieve all the SDGs and with 

them a global sustainable society. In chemical engineering, innovation is needed to make 

more with less, in a sustainable way. Locally, this means increasing yields and 

selectivities. But from a wider perspective, SDGs call chemical engineers to create more 

societal benefit at a lower environmental cost. 

 

Figure 1-1 Sustainable development goals pertinent to this thesis. 

Liquid-liquid reaction or extraction processes are critical in manufacturing. These 

processes have unique characteristics compared to homogeneous or other multiphase 

processes. By nature of using two immiscible liquids, the mixtures are highly non-ideal 

and challenging to describe thermodynamically. They take place at relatively low 

temperatures (below bubble point), therefore have an inherently small carbon footprint 
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(as long as heating comes from fossil fuels). Concentrations of reagents can be higher 

than in gases since densities are also much larger, however, momentum transfer and 

mass transfer via diffusion in liquids are slower than in gases due to the higher viscosity 

of liquids. Besides SNF reprocessing, hydrometallurgical processes, and some 

pharmaceutical purifications steps, liquid-liquid processes are not utilised in process 

industries as commonly as gas-liquid or homogeneous processes [2]. However, due to 

their characteristic low carbon footprint and milder conditions, liquid-liquid processes will 

play a larger role in the future process industries.  

Process intensification (PI) is a blueprint to achieve innovation in chemical 

engineering. It calls for a redesign of chemical and physical processes with precision and 

optimisation of the reaction and transport phenomena as the overarching guiding 

principles. PI follows 4 principles across 4 domains [3]. This approach is depicted in 

figure 1.2. The research presented here is particularly focused on the second and third 

PI principles. The second principle, namely, ‘Give each molecule the same processing 

experience’ is equivalent to keeping the residence time distribution (RTD) as narrow as 

possible. In the numbering-up approach, addressed in Chapters 5 and 6, this is achieved 

by having the same flow rates in each channel. The third principle, about optimising 

driving forces and maximising interfacial area, is considered in Chapter 4. Here, the 

hydrodynamics of segmented flow, including interfacial areas are studied along with the 

effect of changing the solvent to a higher concentration in order to maximise the mass 

transfer driving force. The confinement of the two-phase flow inside small channels 

leads, in part, to the regular segmented flow pattern so this research falls within the 

spatial PI domain. 
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Figure 1-2 Process intensification principles and domains, as defined by Gorak & 
Stankiewicz [3]. 

PI has had a significant impact on chemical engineering research and in the 

development of novel processes and equipment. Notably, operating in small and micro-

channels has been a prioritised area of PI research for the past decades [4]. This thesis 

is based on the PI principles and small scale contactor technology advancements to 

achieve high efficiency, large throughputs, and improve the inherent safety in liquid-liquid 

extractions for SNF reprocessing.  

As part of the nuclear fuel cycle, the reprocessing (or recycling) of the fissile and 

fertile isotopes is crucial to make nuclear energy sustainable. Nuclear fuel reprocessing 

helps reduce the volume of intermediate- and high-level wastes (ILW, HLW), a priority of 

the industry [5]. Reprocessing cuts down the necessity of mining Uranium by 30% and 
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reduces HLW volume by 8 times [5]. The most common flowsheet for SNF reprocessing 

is called PUREX (plutonium uranium redox extraction) and uses TriButyl Phosphate as 

the extractant. The extraction steps commonly take place in mixer-settlers or pulsed 

columns [6]. These steps are similar to hydrometallurgical processing with the major 

difference of having significant radiation at the core of the process. This means the 

process and any proposed improvements must be safe against radiolysis. A process with 

radiolysis benefits from having a narrow residence time distribution (RTD), which is 

equivalent to the second PI principle. Several examples of nuclear fuel reprocessing in 

intensified small-channels are presented in Chapter 2. 

The central challenge addressed in this thesis is the scale-up of intensified 

multiphase process technologies towards commercial scales. As mentioned above, PI 

partly focuses on transport precision and therefore PI is implemented at small scales, 

from molecular to transport-phenomena scales. There has not (yet) been widespread 

industrial adoption of novel PI technologies because, in most cases, the performance is 

correlated to the scale and increasing the dimensions results in performance loss. Since 

the inception of microreactor technology, scale-out by parallel operation of many 

contactors was seen as a solution to this problem. However, despite the important 

commercial potential of including small-channel contactors, there are no examples of 

commercially successful parallelisation of a multiphase micro contactor or reactor in the 

literature (a complete review is presented in Chapter 2). 

1.2 Motivation and objectives 

The main motivation behind this thesis is to understand the effect of scale on two-

phase liquid-liquid separations in small channels and to develop a modelling framework 

to design scale-out manifolds. In particular, the liquid-liquid extractions relevant to SNF 

reprocessing are studied because they can potentially make nuclear energy safer and 

more sustainable by reducing the volume of the high-level waste (HLW) produced and 

by recycling important metals [5,6]. 
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The objectives of this thesis are the following. (1) Review and expand the body 

of knowledge on small-channel liquid-liquid contactors. (2) Characterise the effect of 

scale on flow and mass transfer characteristics of segmented two-phase liquid-liquid 

flows in small channels. (3) Develop a robust design methodology to design flow 

distributors to scale-out two-phase flows into many parallel channels. (4) Design, build, 

test, and propose improvements to a multiphase flow distributor with a larger number of 

channels than current ones reported in the literature. (5) Discuss the potential of multi-

channel multiphase processing technology; clearly identify advantages, disadvantages, 

challenges, and trade-offs.  

The approach used to address the objectives is shown in Fig. 1.3. The results 

obtained at small scales inform the design and methodology for the scale-out studies. 

The prototype is designed using the results and methods developed after the transport 

phenomena and scale-out scales were investigated. 

 

Figure 1-3 Diagram of the scope and the range of scales addressed in this thesis. 
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1.3 Thesis outline 

This thesis is comprised of seven chapters. In Chapter 1, the research problem, 

the context around it, and the thesis scope & objectives are introduced. Chapter 2 

provides a review of the state-of-the-art in liquid-liquid extractions, particularly in small 

channels operating in segmented flow regime, and the challenges to scale-up small-

channel contactors. In Chapter 3, the methods followed in this thesis, both numerical 

and experimental, are described. Chapter 4 presents the hydrodynamics and mass 

transfer studies in the two-phase flow both experimental and numerical for a wide range 

of design and operation conditions. Correlations for plug and unit cell lengths, specific 

interfacial area, holdup and dimensionless pressure gradient are obtained. The 

extraction efficiency and mass transfer coefficient are measured and computational fluid 

dynamics results are used to corroborate the findings. The trade-offs between the 

various parameters are discussed. Chapter 5 describes the methodology used to 

characterise the flow distribution and to design double manifolds for the scale up of two-

phase flows. A novel resistance network model and statistical analysis indicators are 

developed to describe how the hydraulic resistances and the number of channels affect 

the maldistribution and the power requirements of the double manifold. In Chapter 6, the 

results from both Chapters 4 and 5 are used to design, build, test, and propose 

improvements to a prototype multichannel modular two-phase manifold. Insights into the 

potential of commercialisation are also included. Chapter 7 presents the conclusions 

from the results and assess the accomplishment of the objectives. Finally, suggestions 

for future work are discussed. The steps to follow towards the commercial impact of this 

PI technology are also outlined. 
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2 Literature Survey 

2.1 Introduction 

Successful scale-up of intensified liquid-liquid processes can only be efficiently 

achieved with a clear picture of the state of the art. Pertinent literature is reviewed in this 

chapter to identify the degree of development and knowledge gaps in intensified liquid-

liquid processes and their scale-up. Initially, an overview of the applications of some two-

phase liquid processes is given followed by review of the hydrodynamics, mass transfer, 

and pressure drop in processes using segmented flow. Subsequently, the challenges to 

scale-up this technology are addressed and put in context with industrial requirements. 

The findings are analysed in the context of technological development and potential 

commercialisation. 

2.2 Applications of liquid-liquid processes 

There are numerous applications for two-phase liquid-liquid reactions and 

extractions of industrial importance. The reactions are most commonly found in the 

organic chemical industries [2,7,8] while the extractions are widely applied in organic, 

metals (hydrometallurgy & nuclear) and bio-based industries (e.g. food, pharma, 

biofuels) [2,6,9,10]. Table 2-1 presents a non-exhaustive list of liquid-liquid processes of 

high economic and industrial importance.  
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Table 2-1 Industrially important liquid-liquid reactions and extractions. 

Liquid-liquid process References 

Reactions 

Hydrolysis, saponification or transesterification of esters [7,8,11] 

Nitration, alkylation or sulphonation of aromatics [7,8] 

Epoxidation of oils [7,8] 

Oligomerisation of alkenes [7,8] 

Synthesis of alkyl- and arylamines [7,8] 

Emulsion and interfacial polymerisation [7,8,12] 

Extractions 

Removal of free fatty acids from oils and fats [7,8] 

Purification step in fuel production and organic 

syntheses, alternative to distillation for close-boiling 

compounds 

[7,8] 

Extraction of metals in hydrometallurgical (Including 

urban mining) processes 
[7–10] 

Extraction of antibiotics (penicillin, streptomycin, 

novobiocin…), vitamins (A, B, C, D, E), nucleic acids, 

enzymes, other APIs (antihistamines, hormones…), 

from culture/fermentation/synthesis broths 

[9,10] 

Extraction of flavours, aromas, proteins in food 

production 
[9,10] 

Treatment of industrial effluents, environmental 

remediation 
[9] 

Recovery of fissile and fertile radioisotopes in nuclear 

fuel cycle (including PUREX process) 
[5–10] 
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Even though some liquid-liquid processes are fundamental in several industries, 

they are currently underutilised. Alper identified the two main factors hampering their 

widespread use [7]: (1) the fundamental physical phenomena have not yet been 

understood sufficiently, and (2) many liquid-liquid processes are mainly carried out in a 

batch or semi-batch fashion. These factors impede precise design methods to be 

developed thus slowing down the scale-up of existing processes and the adoption of new 

liquid-liquid ones. 

Liquid-liquid-solid reactors (e.g. where the solid holds a heterogeneous catalyst) 

have been even more scarcely studied and applied in industrial settings. The 

intensification and scale-up of liquid-liquid-solid reactors are certainly important and 

possible with similar methods as the ones presented in Chapters 3-6 but further 

discussion of liquid-liquid-solid reactors is outside the scope of this thesis. 

2.2.1 Key design and operation parameters in liquid-liquid extractions 

The objective of a liquid-liquid extraction process is to achieve a separation at 

determined compositions of both the raffinate and extract streams and solute throughput. 

Figure 2-1 shows a block diagram of a single contacting stage with the common 

terminology used for the various streams reproduced from the Encyclopedia of 

Separation Technology [9]. 

 

Figure 2-1 Single contacting stage in a liquid-liquid extraction with common 
terminology. Reproduced from Ruthven (2008) [9]. 

The steps to follow in order to design an efficient liquid-liquid extraction process 

have been detailed by Bieber & Kern [13]. In the first instance, the solvent system should 

be selected. Capital and utility costs are extremely sensitive to solvent selection because 
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high solvent selectivity to the solute results in compact equipment and smaller equipment 

trains. The next step is to find optimal process parameters such as temperature, pH and 

concentrations (including the presence of impurities). These initial steps require 

extensive laboratory data. Following this, the extractor equipment is selected, 

considering the number of stages required and the type of multistage process to use (co-

current or counter-current). Finally, the control philosophy can be selected and the 

process flow scheme can be designed considering the solvent and product recovery 

stages, product purification process, auxiliaries needed, and storage requirement for 

feed, solvent, chemicals, and products.  

There must be feedback at every design stage to ensure the design is feasible. 

One relevant and well-documented example of this type of feedback is found in the 

extraction of Uranium and Plutonium, part of the nuclear fuel cycle. In this case, tributyl 

phosphate (TBP) is known to extract the U(VI) and Pu(IV) almost exclusively and with 

high distribution coefficients (D≡[M]Extract/[M]Raffinate) and is thus the extractant used in this 

process [6,10]. TBP is a liquid with a density very similar to water (972.4 kg m-3 at 25 °C) 

and relatively high viscosity (3.32 mPa s at 25 °C) which make the coalescence times 

very long and mixing difficult [6]. Conventional equipment requires the viscosities to be 

below 2 mPa s and density differences of at least 100 kg m-3 [10]. To overcome this, the 

process is commercially operated with diluted TBP (usually 30% v/v) in a mixture of 

normal paraffins (e.g. dodecane); the 30% v/v ratio is selected because it maximises the 

capacity of pulse columns [6]. This example shows how equipment limitations feedback 

in the design process and affect the solvent selection step and highlights a key 

opportunity to intensify this important process. 

The interfacial mass transfer taking place in solvent extraction equipment is 

ultimately the object of intensification efforts. The interfacial mass transfer process is 

described below with emphasis on the intensification opportunities, such as solvent 

selection, interfacial areas, mass transfer coefficients, holdup, footprint, and safety. 



41 
 

The interfacial flux of the solute from one phase to the other depends on the 

concentrations in the bulk of each phase and at the interface. Figure 2-2 shows a 

concentration profile of solute C in different positions close to an interface between an 

A-rich phase and a B-rich phase. Equation 2-1 is derived for a steady-state unidirectional 

transfer across an interface between two liquids [2]. NC is the flux of C across the 

interface, k is the interfacial mass transfer coefficient, C is the concentration of C in the 

bulk and Ci is the concentration of C at the interface. The equation can be written for 

either side of the interface but it is conventional for k to be positive. 

NC = k(C − Ci)     (2-1) 

 

Figure 2-2 Concentration profile of solute C near an interface. The arrow 
represents the direction of the mass transfer. CA, CAi, CB, and CBi are the 
concentration of C in the bulk of A, in the interface on the A side, in the bulk of B 
and in the interface on the B side, respectively. Reproduced from Ruthven (2008) 
[9]. 

Since the concentration at the interface is not readily known, Equation 2-1 can 

be written in terms of deviation from equilibrium (Equation 2-2). In this case, the mass 

transfer coefficient is denoted with K. Ceq is the concentration of C in the bulk phase at 

equilibrium. 

NC = K(C − Ceq)     (2-2) 
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Liquid-liquid contactors should be designed to have high mass transfer 

coefficients, large interfacial areas (a, measured per unit volume of contactor), short 

residence times (τ), narrow residence time distributions (RTD), large holdups (ε, volume 

fraction of the dispersed phase), small plant footprint, be inherently safe, reliable, and 

easily maintained. Several sources were used to produce the comparison between 

contactors shown in Table 2-2 using some of these criteria. 

Table 2-2 Characteristics of different liquid-liquid contactors. Compiled from:  
w= Kashid et al. (2007) [14]x= Doraiswamy & Sharma (1984) [8]; y= Lo et al. (1983) 
[10]; z= Ruthven (2008) [9]. 

Type 
kd

x 

/ 105 m s-1 

ax 

/ m2 m-3 
τy RTDx εx 

Power 

inputw 

/ kJ m-3 

Footprinty Reliabilityy 

Mixer-settler 3 – 10 Up to 104 Minutes Wide 0.05 – 0.4 150 – 250 Large Very high 

Packed 

column 
3 – 10 

100 – 

1000 
Minutes Wide 0.05 – 0.1 NA Small High 

Pulsed 

column 
3 – 10 Up to 104 Minutes Narrow 0.05 – 0.4 0.5 – 190 Small Medium 

Centrifugal 

contactorz 
Highly efficient Very short Narrow 0.33 – 0.96y 850 – 2600 Small Low 

 

The concept of inherent safety in process plants was developed originally by 

Kletz [15]. In essence, inherently safer designs avoid hazards instead of adding controls 

to reduce risks. Kletz uses the term intensification to mean reducing sizes of equipment, 

storage units, or plants. The author argues that an intensified flow process is inherently 

safer because inventories are smaller compared to conventional equipment and thus an 

accident would be less severe. Additionally, the author explains the importance of using 

highly concentrated (undiluted) raw materials when possible to achieve high conversions 

in short residence times to minimise ‘free rides’ thus minimising equipment size and 

unnecessary hazards [15]. This can be contrasted with the practice of diluting TBP, 

mentioned above. 
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The process intensification principles (Figure 1-2) have been sparsely applied to 

the field of liquid-liquid extractions and reactions. This literature relevant to the use of 

small channels for liquid-liquid extractions is reviewed in the next section. 

2.2.2 Liquid-liquid extractions in small channels 

Liquid-liquid extractions in small channels have received a lot of attention from 

researchers; initially regarding their potential as an analytical tool (i.e. Lab-on-a-Chip 

[16]) and more recently as an alternative to conventional contactors. The latter is the 

main subject discussed in this thesis. The following paragraphs review the most 

important systems that have been used as a proof-of-concept, the equipment and setups 

commonly used, the main advantages identified so far, and the main challenges to 

design, operate, scale and eventually adopt small-channel contactors commercially. 

Specifics on the relationships between hydrodynamics and mass transfer are discussed 

only for segmented flow contactors in the following sections.  

The prospect of intensifying liquid-liquid extractions with small-channel 

contactors is mostly attractive for applications where the improvements (e.g. short 

residence time, narrow RTD, small footprint, inherently safer process) would be 

significant enough to justify changing the type of contactor currently used. This has 

resulted in high-value and hazardous materials to be the main focus so far for the 

applications of small channel contactors. High-value precious metals, such as platinum 

and palladium have been extracted using intensified contactors [17–19]. These metals 

are often found in mixtures at low concentrations (e.g. from spent automotive catalysts) 

and their extraction may not be economic using conventional devices. In particular, Kriel 

et al. demonstrated the extraction, scrub, and stripping processes using these metals 

and conventional extractants in flow channels with overall recovery rates over 95% [18]. 

Recovery of lanthanides, found in high-value electronics, has also been investigated 

using small-channel contactors [20,21]. Li & Angeli investigated the extraction of Eu(III) 

from an aqueous to an ionic liquid solution containing CMPO (Octyl(phenyl)-N,N-

diisobutylcarbamoylmethylphosphine oxide) as the extractant and TBP as a modifier to 
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prevent a third phase from forming [20]. An example of hazardous material is the 

extraction of radioisotope titanium-45, highly radioactive and used in positron imaging, 

by Pedersen et al. [22]. These authors achieved separation >90% in residence time less 

than 15 s [22]. Besides achieving high extraction efficiency in a short time, these authors 

focused on reducing operator contact with the radioactive materials; their automated 

setup, which included a membrane-based separator, achieved this goal. Wang & Luo 

reviewed some reports of small-channel contactors used for the purification of natural 

products (e.g. plant alkaloid strychnine, the active ingredient in Radix Salvia Miltiorrhiza 

root, progesterone) [23]. Finally, the application which has attracted the most interest is 

the intensification of PUREX related extractions. Following from the large scale example 

and with the aim of simplifying comparisons, most authors use U(VI) dissolved in nitric 

acid (usually 3 M) as the aqueous solution and an organic solution consisting of 30% 

(v/v) TBP in dodecane or kerosene [24–29]. Hotokezaka et al. showed that undiluted 

TBP can be used in microchannel contactors, regardless of the high viscosity and similar 

density to the aqueous phase, which makes it unpractical for large-scale equipment [30]. 

Tsaoulidis et al. used ionic liquids instead of kerosene as the diluent, where the high 

viscosity of the ionic liquids was not a limitation in small-channel contactors [31–34]. 

Hellé et al. used Aliquat® 336, instead of TBP, as the extractant [35,36]. 

The equipment used to perform liquid-liquid extractions in small channels is very 

similar regardless of the system used. Most differences arise on the magnitude of the 

throughput, the methods of control or analysis, and in some cases, the materials of the 

equipment. In general, a liquid-liquid extraction process in a small-channel contactor 

requires pumps to move the liquids, a mixing inlet, the main channel where the contacting 

of the two phases happens, a separator, analytical techniques to measure 

concentrations, and a control system. Syringe pumps are common because they operate 

precisely and without pulsations. They are limited by the volume of the syringes and are 

thus limited to research applications. There are many types of inlets that can be used to 

bring the liquids in contact. The flow pattern that develops in the contactor depends 
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strongly on the type and characteristics of the inlet [23]. There has been a lot of attention 

to the inlet used in terms of hydrodynamics but the mass transfer that takes place in the 

mixing zone has been very scarcely investigated. The main channel is where the two 

phases flow together and where most of the mass transfer takes place. Many geometries 

and orientations have been explored. The most common geometries are circular and 

rectangular (square being a special case). The main channel can follow a straight line or 

change directions in 2 or 3 dimensions; the change of direction improves mixing inside 

the phases [37]. The channels can be oriented horizontally or vertically and depending 

on density differences, the effect can be important or negligible [38]. The geometry of 

the inlet and the geometry of the main channel can be modified independently and this 

opens a possibility to find optimal geometries to maximise the performance of the 

contactor, however, it also opens a large variable space that has not been studied 

systematically. 

Besides simply changing the channel geometry, one option, still within the spatial 

PI domain, is to use highly structured flow paths, including static mixers. This is most 

commonly done with single-phase flows to improve mixing and it is already commercially 

applied, as reviewed by Jensen and Woitalka et al. [4,39]. One particular case of 

structured flow paths is the use of periodic open cellular structures (POCS). POCS 

consist of consecutive unit cells of a particular shape that can improve the mixing and 

heat transfer of a single- or two-phase process. They have been studied with a few gas-

liquid [40] and liquid-liquid [41,42] processes but these results fall outside the scope of 

this literature review. 

Another notable technology in liquid-liquid process intensification, outside the 

spatial PI domain and in the thermodynamic PI domain, is the use of ultrasound to assist 

in liquid–liquid extraction in microchannels. By adding an ultrasound field to the process, 

emulsification can occur and the interfacial area and mixing are potentially improved. 

Even though promising results have been reported by John et al. [43,44], more research 

is needed into this type of processes to fully understand the advantages and trade-offs. 
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Phase separation is another important process to consider. After sufficient 

residence time, the liquids flowing together have to be separated for further processing. 

Two separation mechanisms can be used, surface-based and gravity-based 

separations. Since interfacial phenomena are important in small channels, surface-

based separators have been studied, which use side channels or membranes that are 

preferentially wetted by the organic or the aqueous phases. Currently, however, there 

are few commercially available options (e.g. Zaiput Flow Technologies). Gravity-based 

separators (operating like settler tanks) can be used for systems with high throughput 

and sufficient density difference (>100 kg m-3 [10]). In gravity settlers, however, the mass 

transfer continues and reduces the benefits of narrow RTDs in the small channel. In 

some cases, back-pressure regulators are used after the main channel or separator; 

usually to prevent evaporation of the solvents used. The process performance (i.e. 

extraction efficiency) can be measured online, using optical methods (e.g. colour 

changes or spectroscopic techniques), or after collection of the extract or raffinate 

streams. Performance proxies, important for process control, can also be measured, 

such as drop sizes and their distribution. Jensen recently identified the need for 

innovation in on-line monitoring for flow systems which would accelerate development 

and maximise process quality [4]. 

The advantages that small-channel contactors have over conventional 

equipment can be categorised as incremental or radical. Incremental advantages are 

those for which the use of small channels improve on an aspect of the extraction process 

compared to conventional equipment. In contrast, radical advantages refer to ways in 

which the use of intensified contactors change the extraction process in a way that is not 

comparable to conventional contactors. Examples for both types of advantages are given 

below.  

The incremental advantages of small-channel contactors over conventional 

contactors include higher mass transfer coefficients, larger specific interfacial areas, a 

narrower RTD for both phases, higher holdup of the dispersed phase, and lower energy 
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use. For example, Kashid et al. report mass transfer coefficients up to 6.3×10-4 m s-1, 

specific interfacial area up to 4800 m-1 (for d=0.5 mm) and power inputs per unit volume 

about three orders of magnitude below conventional contactors such as extraction 

columns and mixer-settlers [14]. Arsenjuk et al. studied the residence time distribution in 

small-channel contactors using fluorescein solutions and kerosene [45]. These authors 

found the RTD in the dispersed phase is very narrow but in the continuous phase, back-

mixing can be observed. Even though the authors make no comparison with 

conventional contactors, the RTD measured in the flow contactor appears to be minor 

compared to conventional contactors. It is clear the incremental advantages are 

necessary to make intensified contactors competitive and it is important to maximise 

them, however, the radical advantages may be the factor that drives small channel 

contactors to commercial applications. 

The radical advantages of small-channel contactors include the ability to do faster 

and streamlined testing of prototypes or process conditions as well as regularity- and 

symmetry-based modelling which can lead to optimisation and modularity that enables 

simple scale-up and production flexibility. These advantages are discussed in the 

paragraphs below. 

Small-channel contactors can accelerate process innovations, such as the 

implementation of novel extractants or solvents because they use small volumes and 

short residence times. The works by Tsaoulidis et al. and Hellé et al. serve as examples 

of simple experimental setups to determine the effects that different solvents (ionic 

liquids [31–34]) or a different extractant (Aliquat® 336 [35,36]) can have on the U(VI) 

extraction process. The key feature is that these authors tested the novel solvent or 

extractant in the same conditions proposed to be used at large scales, this proposition 

is economically and technically impossible for conventional contactors. In conventional 

contactors, the implementation of new solvent-extractant systems requires extensive 

and expensive testing at several stages [10,46]. Wang & Luo found that intensified 

contactors are less labour intensive and provide higher yields compared to conventional 
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extraction methods; this could lead to making new products commercially viable that 

were not with conventional processes [23]. 

In terms of modelling, small-channel contactors operating under segmented flow 

regime (reviewed in section 2.3), have well characterised hydrodynamics and mass 

transfer which can potentially lead to an unprecedented level of detail in their modelling 

and thus optimisation and control [33,47]. Extractions carried out in conventional 

contactors, like mixer-settlers or pulsed columns, suffer from inhomogeneous flow fields 

that cannot be well characterised. Their modelling and control routines use broad 

correlations with large uncertainties which leads to overdesign and inefficient use of 

solvents. The improved efficiency offered by the detailed models of intensified contactors 

can lead to using more expensive, yet more effective, solvents (such as ionic liquids), as 

proposed by Tsaoulidis et al. [31–34]. 

Modularity, in this context, is the capability to add or enable (or remove or disable) 

an equipment or part of it to either change the process or increase (or reduce) the 

capacity. Modularity can take many forms in process intensification, for example, 

Chambers et al. designed a multichannel gas-liquid flow reactor which is modular 

because the component pieces can be easily replaced in case of corrosion [48]. Al-

Rawashdeh et al. designed a similar multichannel gas-liquid contactor which is modular 

in terms of channel geometry because it can use circular or square reaction channels 

interchangeably [49]. In flow chemistry, plug-and-play modules are used to do different 

processes with similar equipment, as recently demonstrated by Cole et al. [50]. One 

important type of modularity is the one where capacity is added (or removed) in response 

to economic or other drivers. This type of modularity offers a complete departure from 

conventional equipment design. Usually, a contactor or reactor is designed and built for 

a nominal throughput and in practice, it can be used within a small range of that 

throughput; the production rate cannot thus respond to economic or other drivers which 

can lead to lost profit. With modular contactors, each module is designed for a nominal 

throughput but the capability to add and remove modules means the practical throughput 
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is very flexible and the same equipment can be used for wide range of production rates 

which maximises profitability of a process. 

Harmsen identified four hurdles most intensified processes must address before 

being implemented industrially [51]. These are: (1) risk of failure by combining novel 

aspects, (2) scale-up knowledge uncertainty, (3) equipment unreliability, and (4) higher 

safety, health and environmental risks. For the specific case of small-channel contactors, 

safety is not a concern, rather, it is a driver because they are inherently safer than 

conventional equipment. The first and third hurdles are discussed together followed by 

a discussion of the second one. 

Harmsen contextualises the hurdles for the case of in-flow operations [51]. The 

risks of novelty and reliability for small-channel contactors do not stem from inherent 

issues in the technology but rather from the cost and lack of motivation to change 

processes from conventional to intensified ones. In order to address this issue, the role 

of academic research is invaluable in the ‘de-risking’ and maturing of intensified process 

technologies. In this way, small-channel contactors (for both gas-liquid and liquid-liquid 

processes) are strong candidates for further exploitation since a lot can be gained, in 

terms of commercial potential, in comparison with conventional equipment. 

The scaling risks, specifically for small-channel contactors, are two-fold. On one 

hand, most extraction processes take place either in counter-current flow or in multiple 

stages. Small-channel contactors do not operate in counter-current flow and must be 

operated in multiple stages. There have been a few demonstrations of multistage small-

channel contactors [47,52–55] therefore, this hurdle is not of significant concern. On the 

other hand, the attainable throughput of small-channel contactors is very small compared 

to conventional equipment and there are no examples in the literature of large-scale 

applications of small-channel contactors. While these intensified contactors are highly 

efficient, the scale-up of the throughput without losing the small-scale advantages 

remains the main challenge. Scale-up of the throughput can be achieved by increasing 

the number of channels operating in parallel (called scale-out or number-up). It is not 
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trivial, however, to reproduce accurately the flow conditions of a single channel in many 

parallel ones. The challenge is to design a flow distributor within the process-specific 

maldistribution tolerance of the total flow rate and the ratio of the two phases. This key 

issue is reviewed in detail in sections 2.6 and 2.7. 

2.3 Liquid-liquid segmented flow 

There are numerous flow patterns which two-phase flows adopt when they take 

place in small channels. The morphology of the interfaces depends on the various forces 

acting on the fluids and their relative predominance. There are several reviews on flow 

patterns in microchannels and small channels available [56–58]. The flow pattern that 

attracts the most interest for mass transfer application is the segmented flow pattern as 

it strikes a balance between fast mass transfer and fast coalescence at the end of the 

process, among other advantages (e.g. narrow RTD, simplified modelling) [38,59,60]. 

The description of other flow patterns and their potential applications are outside the 

scope of this review. This section reviews the general characteristics of the segmented 

flow pattern, in which conditions it is generally found, and its most important 

characteristics are reviewed, such as, plug length, specific interfacial area, film thickness, 

plug velocity, and recirculation inside the phases.  

Segmented flow is a flow pattern commonly found in gas-liquid and liquid-liquid 

systems flowing in small channels at low velocities. This flow pattern is also referred to 

as Taylor flow (particularly for gas-liquid systems), plug flow, or slug flow. This flow 

pattern consists of plugs (dispersed phase) and slugs (continuous phase), and a 

continuous-phase film between the plugs and the channel wall (Fig. 2-3). The 

recirculation inside the fluids enhances the high mass transfer rates commonly observed 

in this flow pattern. The interactions between the liquids and the tubing material 

determine which liquid is the continuous or dispersed phase. Other effects, such as 

viscosity ratio and pumping order can be determinant when the liquid-solid surface 

interactions are similar to both liquids [59]. Non-polar liquids preferably wet commonly 

used fluoropolymers (e.g. polytetrafluoroethylene (PTFE), perfluoroalkoxy polymer resin 
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(PFA), fluorinated ethylene propylene (FEP)) over aqueous, polar liquids. The plugs have 

equivalent diameter larger than the channel diameter, and acquire an elongated shape. 

A pair of a consecutive plug and a slug is a unit. One of the most important characteristics 

of this flow pattern is its regularity, across units. This section briefly reviews the available 

literature on the flow conditions at which liquid-liquid segmented flow is found, as well as 

important characteristics of this flow pattern, including plug, slug and unit lengths, film 

thickness, interfacial area, plug velocity, and recirculation inside each phase. 

 

Figure 2-3 Schematic of liquid-liquid segmented flow pattern. Lu, Lp, and Ls are the 
unit, plug, and slug lengths, respectively. 

There are no universally well-defined limits to where segmented flow pattern is 

found. Establishing the limits of the flow pattern is a persisting challenge. Any rule or 

correlation that connects a flow condition (flow rates, inlet and channel geometry, and 

flow rate ratio) with a flow pattern boundary should define how the flow patterns are 

distinguished. Jovanovic et al. proposed that segmented flow is stable when the 

coefficients of variation (CV, standard deviation divided by mean) of plug and slug 

lengths are below 50% [61]. 

There are several works on flow pattern maps for liquid-liquid flow or on the flow 

pattern boundaries of segmented flow. Kashid & Agar studied the limits of segmented 

flow in a cyclohexane-water system for 0.25 to 1 mm channels [60]. They found 

segmented flow to be stable around flow rate ratios of one and, in terms of flow rates, 

the segmented flow region expanded as the channel diameter increased. Zhao et al. 

studied water-kerosene systems and found segmented flow for Weber number 

(Wei=dui
2ρi/γ, where ui is the superficial velocity of phase i) for both phases below one 

[62]. Biswas et al. studied segmented flow in vertical and horizontal channels with 

diameters up to 6 mm using a water-toluene system [38]. These authors found 
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segmented flows in all channel diameters; this is the largest diameter where uniform 

segmented flow is reported. Jovanovic et al. also studied a water-toluene system and 

reported that segmented was bounded by Wei<0.1 [63]. Recently, Cao et al. proposed 

the following correlation to describe the transition to plug flow [64]: 

c0Rec
c1Wec

c2 = Red
c3Wed

c4   (2-3) 

where different coefficients (ci) are used for the annular-segmented and dispersed-

segmented flow transitions.  

The important hydrodynamic characteristics in segmented flow, depicted in Figs. 

2-3 and 2-4, are the plug and slug lengths, the film thickness, the plug interfacial area 

(which is related to the specific interfacial area), the plug velocity (or its residence time), 

and the recirculation patterns inside both phases. Each one of these characteristics is 

reviewed below. 

The lengths of the plug, slug, and unit (Fig. 2-3) depend on the conditions at the 

inlet (geometry, velocities, and liquids properties), where the liquid phases meet, and 

affect several aspects of processing using segmented flow. Garstecki et al. studied the 

drop break-up mechanism in T-junctions and identified a scaling rule for dimensionless 

plug lengths (Lp/d) with respect to flow rate ratio (Qd/Qc) [65]. Several authors have 

proposed correlations similar to the one by Garstecki et al. with the inclusion of terms to 

account for viscous or inertial effects (e.g. using Ca, Re, We) [34,64,66–68]. These 

models are summarised in Eq. 2-4, where ci are coefficients independent of Qd/Qc and 

Cac.  

Lp

d
= c1 + c2 (

Qd

Qc
)
c3
Cac

c4   (2-4) 

The thickness of the continuous-phase film (δ) around the plugs plays a critical 

role in the plug velocity and interfacial area. The film has been studied extensively in 

gas-liquid systems but fewer studies are available for liquid-liquid systems. Usually the 

film is measured optically; Mac Giolla Eain et al. developed a curvature-correction 
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technique based on refractive index differences to account for optical effects close to the 

curved channel wall [69]. These authors were able to measure the film thickness with an 

error between 2 and 11%. The film is not uniform in all conditions, Li & Angeli found the 

film thickness is uniform across the length of the plug when the Lp/d values are above 

1.82 [68]; similarly, Mac Giolla Eain et al. found uniform film thickness for Lp/d above 1.86 

[69]. Below these Lp/d conditions, the plugs are curved along the whole length and no 

uniform film thickness can be measured, but an average can be estimated. The 

dimensionless film thickness (δ/d) depends on the capillary number and another number 

that includes inertial effects (Reynolds or Weber numbers). Li & Angeli, Dore et al., and 

Tsaoulidis & Angeli measured the film thickness for segmented flows using high-viscosity 

ionic liquids (high Ca) as continuous phase and found large ranges for δ/d (0.02 to 0.15) 

[34,68,70]. Mac Giolla Eain et al. tested a wide range of liquids as continuous phase; the 

range of δ/d for water-dodecane, a relevant system to this thesis, is 0.015 to 0.023, 

between Ca of 0.002 and 0.003. These authors proposed a correlation, presented in Eq. 

2-5, where Ca=μcup/γ and We=ρcup
2d/γ. 

2δ

d
= 0.35Ca0.354We0.097    (2-5) 

The rate of mass transfer depends directly on the extent of interfacial area 

available for the solute transport to occur. The interfacial area is measured per unit 

volume of the contactor and called specific interfacial area (a, m2 m-3). By modelling the 

plugs as consisting of straight cylinders with hemispherical caps, the specific interfacial 

area can be calculated with Eq. 2-6 [20,71–73].  

a =
4

d

Lp

Lu
    (2-6) 

This model neglects the film thickness and therefore it is best applicable to low capillary 

numbers, where the film thickness is negligible. In general, the specific interfacial area 

depends on the channel diameter, the flow rate ratio, the total mixture velocity, the 

properties of the liquids and the inlet geometry. Interfacial areas ranging from 2760 to 

4800 m-1 in 0.5, 0.75, 1 mm I.D. channels have been reported by Kashid et al. [14]. Li & 
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Angeli measured specific interfacial areas up to 8500 m-1 for channels of 0.2 mm I.D. 

[20]. Reference values for the specific interfacial area in conventional contactors are 

shown above in Table 2-2. 

The plug velocity (up) is higher than the average velocity because of the presence 

of the thin film of the continuous phase surrounding it. This reduces the residence time 

of the plug in the contactor and must be accounted for when segmented flow processes 

are considered. Li & Angeli [68] compared the models to experimental data and 

determined the models by Kashid et al. (Eq. 2-7) [74] and Gupta et al. (Eq. 2-8) [75] 

closely predict the experimental results.  
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In both models, Rp is the radius of the plug and R is the channel radius (d/2). As can be 

seen, a good estimate of the film thickness is crucial for estimating the plug velocity, and 

thus the dispersed phase residence time. Abiev et al. also proposed a model which only 

depends on the capillary number and successfully predicts experimental up values [71]. 

The recirculation inside each phase plays an important role in achieving the large 

mass transfer rates observed in liquid-liquid segmented flows; Fig. 2-4 shows these 

patterns schematically. However, there are few systematic studies available on the 

recirculation patterns inside the phases in slug flow. The circulation time is used to 

quantify the mixing inside each phase and is defined as the time for the fluid to move 

from one end to the other of the plug or slug [76]; shorter circulation times imply better 

mixing. Thulasidas et al., for Taylor bubble flow, found that the circulation time in the slug 

is constant at low capillary numbers and above Ca=10-2; increasing Ca increases the 

circulation time (slower mixing) [76]. Abadie et al., also in gas-liquid Taylor flow, studied 

the recirculation in the continuous phase and found that the circulation time increases 
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exponentially with Ls/up; longer slugs or slower plugs increase the mixing time [77]. The 

recirculation inside the plugs has been considerably less studied. Dore et al. used 

particle image velocimetry (PIV) to study the recirculation in aqueous plugs with an ionic 

liquid continuous phase [70], and found an inverse correlation of circulation time with 

capillary number in long plugs (better mixing at higher velocities), but in short plugs the 

correlation was more complex. 

 

Figure 2-4 Schematic of the circulation patterns found in segmented liquid-liquid 
flows in small channels. The blue phase is the continuous (wetting) phase and the 
yellow phase is the dispersed (non-wetting) phase. 

 

2.4 Mass transfer in segmented flow 

The mass transfer of one or more components across the liquid-liquid interface 

is the main step in extraction processes. In small-channel contactors, operating under 

segmented flow, mass transfer is closely related to the hydrodynamics because the mass 

transfer rate intimately depends on the available interfacial area and the intensity of 

mixing inside each phase. Characterising mass transfer and its relationships with the 

hydrodynamic features and input variables of segmented flow is critical to their 

development and widespread industrial adoption. 

Biswas et al. and Jovanovic et al. have performed comparisons between the 

mass transfer performance in intensified contactors operating under different flow 

patterns [38,63]. Jovanovic et al determined segmented flow to have the best 

performance in comparison with dispersed, parallel, and annular flow, given the large 

available interfacial area and the ability to control it within some range. Biswas et al. in 

turn, determined segmented flow to have the best performance among dispersed, 

annular, and inverted-dispersed flows when considering the mass transfer coefficients 
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and the rate of solute transferred per unit pressure gradient. These authors determined 

that in plug flow, three to seven times more solute can be transferred between phases 

for a given pressure gradient, which is a measure of the pumping costs. 

Numerous experimental and numerical studies are available on mass transfer in 

liquid-liquid segmented flow systems. This section reviews some important publications 

on this topic and analyses the effects that different design and operation variables have 

on the mass transfer efficiency. 

2.4.1 Mass transfer coefficient 

The mass transfer coefficient (Eqs. 2-1,-2) and the volumetric mass transfer 

coefficient (product of mass transfer coefficient and specific interfacial area) characterise 

the mass transfer performance in a contactor because they do not depend on the driving 

force (concentration difference) and can thus be compared among different 

concentrations.  

In order to compare the mass transfer coefficients among contactors, some 

conditions should be met. (1) The mass transfer coefficient should be calculated in the 

same way, (2) the systems should have similar properties, and (3) no reaction or the 

same reaction should take place in the contactors. The first condition is necessary 

because some authors report overall mass transfer coefficients (including the mixing 

inlet, main channel, and separator) whilst others report segmented flow mass transfer 

coefficients measured in the main section only, where segmented flow is observed. 

Comparisons between overall mass transfer coefficients and segmented flow mass 

transfer coefficients are not possible without knowledge of the mass transfer coefficients 

in the mixing and separator sections, which have not yet been studied systematically. 

The second condition requires diffusion coefficients, viscosities, densities, and presence 

of surfactants to be similar since mass transfer rates depend strongly on these 

properties. For example, it is not possible to compare two contactors using mass transfer 

coefficients obtained for gas-liquid and liquid-liquid systems. Finally, the third condition 

acknowledges that if a reaction is taking place in either phase, the mass transfer rate 



57 
 

and mass transfer coefficient is increased. In order to compare the contactors, the 

reaction kinetics would be known.  

Kashid et al. and Tsaoulidis have presented extensive tables of mass transfer 

coefficients [14,78]. This section, instead of reviewing values, focuses on analysing the 

dependencies various authors have found between mass transfer coefficients and 

design and operation variables in liquid-liquid non-reactive segmented flow contactors. 

Kashid et al. studied three liquid-liquid extraction systems experimentally [14]. They 

determined the effect of velocity, diameter, and flow rate ratio on the overall volumetric 

mass transfer coefficient. Their results show that, for the same residence time, the 

volumetric mass transfer coefficient (kLa) increases with velocity, up to a certain value, 

above which the kLa remains relatively constant. They also found that the overall 

volumetric mass transfer coefficient is larger for smaller diameters and the difference is 

amplified at higher velocities. These authors found that changing the flow rate ratio 

between the two liquids can affect the volumetric mass transfer coefficient, mainly by 

increasing the interfacial area. 

Yin et al. experimentally studied the extraction of La(III) in segmented flow 

contactors [21], and in particular the effects of the flow rate, channel diameter, and 

channel length on the overall volumetric mass transfer coefficient. Their results showed 

that the mass transfer coefficient increases with the flow rate, decreases with the 

diameter, and decreases with the channel length. Analysis of their data shows that the 

mass transfer coefficient depends approximately linearly with the flow velocity for a given 

channel geometry and residence time. 

Di Miceli Raimondi et al. studied both numerically and experimentally the mass 

transfer coefficient during segmented flow liquid-liquid extraction in square channels and 

found good agreement between a model (Eq. 2-9) and experimental results (within 30%) 

[79,80]: 

kddd = α(
Vd

Vu
)
0.17

(udw)
0.69 (

ud

γ
)
−0.07

(
w

dd
)
0.75

  (2-9) 
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where α is a constant that depends on the properties of the fluids, dd is the diameter of 

a sphere with the same volume as the drop, Vd,u is the volume of the plug and the unit, 

ud is the velocity of the plug, w is the width of the channel, and γ is the interfacial tension. 

This correlation shows that kd depends on the velocity with an exponent of 0.62 and on 

the channel width with an exponent of 1.44. Tsaoulidis et al. studied the extraction of 

U(VI) into ionic liquid solutions with TBP in segmented flow contactors [31–33]. They 

found the overall volumetric mass transfer coefficient increases with the velocity, 

decreases with the channel size, decreases with the residence time (channel length), 

and increases as the organic-to-aqueous flow rate ratio increases up to one. Additionally, 

these authors studied the effect of nitric acid concentration on the mass transfer 

coefficient; they found, for a given residence time, kLa decreases for higher 

concentrations of nitric acid. Since the mass transfer coefficient takes into account the 

driving force, the relationship between nitric acid concentration and mass transfer 

coefficient indicates that the acid concentration affects the mixing or the area available. 

Li & Angeli studied Eu(III) extraction in segmented flow contactors using an ionic 

liquid solution as the continuous phase [20]. They found the overall volumetric mass 

transfer coefficient decreases with the residence time, increases with the mixture 

velocity, and decreases with the channel dimensions. Interestingly, they studied the 

recirculation times and volumetric mass transfer simultaneously and found that short 

recirculation times, thus short plugs, exhibit high mass transfer coefficients. 

Zhang et al. studied experimentally the effects of fluids properties, channel size 

and temperature on the mass transfer performance in segmented flow contactors [81]. 

They found that increasing the flow rate of either phase increases the volumetric mass 

transfer coefficient, where increasing the continuous-phase flow rate increases the mass 

transfer predominantly, while increasing the dispersed-phase flow rate increases the 

available interfacial area. Their results show both kL and kLa increase as the diameter 

decreases. The mass transfer coefficient decreases approximately linearly with respect 

to the channel diameter. With respect to temperature, they found that higher temperature 
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leads to faster mass transfer rates due to increased diffusivity coefficients, however, the 

authors argue that the decrease of μc with higher temperatures affects negatively the 

mass transfer. These authors modified a gas-liquid model by Yue et al. [82] to adjust to 

their data, shown in Eq. 2-10.  

kd(a × d) = 1.23 (
DA|dud

d
)
0.5

(
Lp

d
)
0.806

(
Lu

d
)
−1.05

   (2-10) 

where DA|d is the diffusion coefficient of component A in the dispersed phase. According 

to these results, long plugs are favourable and long units are unfavourable; this is 

probably an effect on the interfacial area, rather than the mixing.  

The next step in assessing the effect of different variables on the mass transfer 

performance is to use dimensionless numbers obtained by dimensional analysis. 

However, the lack of data for a wide range of conditions in geometrically similar setups 

has hindered its widespread use in liquid-liquid segmented flow contactors. The key 

dimensionless numbers to describe mass transfer, their definitions, and their 

interpretation are presented in Table 2-3, where DA|i is the diffusivity of component A in 

the i-th phase, u and ℓ are any appropriate characteristic velocity and length, respectively, 

used to define the number. As a relevant example of dimensional analysis, according to 

Treybal, the mass transfer coefficient for the continuous phase in liquid-liquid stirred 

vessels can be approximated by Shc(Kcdd/DA|c)=6.6, where dd is the mean diameter of 

the drops in the vessel [83,84]. 
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Table 2-3 Important dimensionless numbers for segmented flow mass transfer 
descriptions. 

Dimensionless 

number 
Definition Interpretation 

Sherwood (Shi) Shi =
Kiℓ

DA|i
 

Total mass transfer with respect to 

diffusional mass transfer 

Schmidt (Sci) Sci =
μi

ρiDA|i
 

Diffusivity of momentum with respect to 

mass diffusivity 

Peclet (Pei) Pei = ReiSci =
uℓ

DA|i
 

Flow velocity with respect to the velocity of 

mass diffusion 

Damköhler (Dai) Dai = Kiaτ 
Dimensionless degree of advance of the 

extraction 

 

Ramji et al. studied segmented flow mass transfer numerically and are thus able 

to remove any hydrodynamic effects such as the effect of velocity on plug length [85]. 

They studied the effects of the Peclet (=udLu/DA|d) and Reynolds (=ρdudLu/μd) numbers as 

well as the viscosity ratio on the mass transfer coefficient. They found the mass transfer 

coefficient increases with Pe, has a very weakly dependence on Red and increases when 

the continuous phase viscosity increases. The authors do not provide a correlation 

between the mass transfer coefficient and the factors they analyse, however, with 

regression analysis of the data presented, a correlation can obtained. The correlation 

uses the 12 data points presented by the authors and the results, including goodness of 

fit, are presented below. 

kc = exp⁡(3.57)Pe0.122    (2-11) 

Red is not part of the correlation as the p-value, a measure of how an effect compares to 

random chance, is above 0.05 (p-value=0.846). The R2 of the correlation is 0.866 and 

the 95% confidence intervals for the first and second exponents are 7.6% and 30%, 

respectively. Li et al. proposed correlations for the plug and slug mass transfer 
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coefficients using a sulphuric acid/cyclohexanone oxime/n-hexane system [86]. They 

found the mass transfer coefficient increases with flow rate and proposed correlations 

for Shi(=KiLp/DA|i) as function of Re(=ρcud/μc) and Qd/QT, as shown in Eq. 2-12.  

Shi = a1Re
a2 (

Qd

QT
)
a3

    (2-12) 

The values of a1, a2, and a3 are 99.73, 2.44, 1.05 and 38.35, 2.47, 0.47 for the continuous 

and dispersed phases, respectively. These results indicate the mass transfer coefficients 

increase sharply with the velocity with exponents close to 2.5. The correlation in Eq. 2-

12 is obtained for a single channel diameter (d=1 mm) and a single pair of immiscible 

liquids; it may be best not to extrapolate this correlation to other channel sizes and fluid 

properties without further results. Matsuoka et al. studied the water/phenol/dodecane 

system in segmented flow for a range of diameters (0.6 to 2 mm) at a flow rate ratio of 

one [73]. These authors found a linear correlation (in log-log axes) for the Shd(=KLd/DA|d) 

and the Red(=ρdumixd/μd) numbers at Scd(=μd/(ρdDA|d)) equal to 1994 and 248 (using data 

by Di Miceli Raimondi et al. [79]); the Sherwood number ranges from 20 to 100. Although 

the exponent is not presented by the authors, the linear relationship plot can be analysed 

to estimate the exponent (slope in the log-log plot) for Red to be 0.6. This study covers 

the widest diameter range in the literature. 

While there is no analytical solution for the diffusive and convective mass transfer 

in segmented flow contactors, Levich developed a model to quantify the convective flux 

across the interface of a moving drop [87]. The model is developed for low continuous-

phase Reynolds numbers (<1) and large dispersed-phase Peclet numbers and is given 

in Eq. 2-13. Bird et al. have pointed out that, in order to include molecular diffusion 

contributions, two units should be added to the Sherwood number [88]. 

Shd =
2

√6π
Ped

1/2
(1 +

μd

μc
)
−1/2

    (2-13) 

Levich argues that these results would approximately hold for higher continuous-

phase Reynolds numbers, as long as the continuous phase flow remains laminar. The 
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dependencies described by Levich correspond, in sign and approximately in magnitude 

to the experimental and numerical findings for segmented flow reviewed above and 

therefore this analytical solution could be used to interpret and extrapolate experimental 

and numerical results. 

The results reviewed here show there is some consensus on the overall effects 

of the design and operation variables on the mass transfer coefficients. In general, the 

mass transfer coefficients in segmented flow contactors are larger for smaller channels, 

are larger at higher velocities, are larger for higher μc, and become smaller at larger 

residence times. In terms of plug lengths and flow rate ratios, these factors mainly 

contribute to change the interfacial area available and only partly to change the 

recirculation times and quality of mixing. The use of dimensionless numbers to describe 

mass transfer results enables comparisons between different cases and use for design 

purposes. 

2.5 Pressure drop and energy requirements of segmented flow 

The pressure drop observed in channels operating in the segmented flow regime 

has been extensively studied for gas-liquid systems and significantly less for liquid-liquid 

ones. There are two main motivations to study the magnitude of the pressure gradient 

its dependence on design and operation variables. The first motivation is practical, since 

the pressure drop in segmented flows is required to determine the capacity and power 

of the pumps utilised, which have a significant impact on the capital and operation 

expenditures. The second motivation is related to understanding the hydrodynamic 

characteristics of the segmented flow pattern, and ultimately to optimise processes using 

it. Pressure drop measurements are simpler to perform and often more precise than 

other measurements. In these cases, knowledge of the relationships between pressure 

drop and process performance results important. For example, Kreutzer et al. suggested 

using the pressure drop measurements to calculate the plug length [89]. 
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There are two essentially different ways to analyse the pressure drop in liquid-

liquid segmented flows. One option is to use methodologies originally developed for two-

phase flows in large-diameter pipes. These methodologies were first developed by 

Lockhart & Martinelli and do not consider the particular flow pattern, instead, they 

assume a homogeneous mixture [90,91]. Lockhart-Martinelli types of correlations have 

been scarcely used in small-channel gas-liquid systems [92,93]. Zhang et al. applied 

several Lockhart-Martinelli correlations to experimental gas-liquid data in small channels 

with diameters ranging from 7 μm to 6.25 mm and found that no single correlation, 

including the one proposed by the authors, could predict the results accurately with a 

mean standard deviation of 38% [93]. These results suggest that the homogenous 

mixture model may not be appropriate for the highly structured flow patterns found in 

small-channels, which are a consequence of the strong capillary forces. 

The other option is to take into consideration the morphology of the flow patterns. 

The first studies in this direction were performed by Bretherton [94], who calculated the 

pressure difference across a bubble in a small-channel and found it is proportional to 

Ca2/3. This result was subsequently used by Kreutzer et al. to propose a model that could 

predict the pressure drop along a channel in gas-liquid Taylor flow [89].  

fRe = 16 (1 + a
d

Ls
(
Re

Ca
)
b
)    (2-14) 

where f(=Δpd/(2Lρu2)) is the friction factor, Ls/d is the dimensionless slug length, and the 

adjustable parameters a and b are found through regression analysis of experimental 

data or numerical simulations. This model separates the contributions of the continuous 

phase and of the bubbles to the overall pressure drop. Walsh et al. expanded the number 

of gas-liquid systems and found that the Kreutzer model closely predicted the results, 

with a slightly different value for a [95]. Warnier et al. used the model by Kreutzer in a 

wider range of conditions in a nitrogen-water system [96]. They determined that the 

model above had significant variability and proposed a function of A’/Ap’ (cross-sectional 
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area of the channel with respect to the cross-sectional area of the plug), Ca, and Re/Ca 

to substitute the parameter a.  

Jovanovic et al. developed a model to calculate the pressure drop considering 

three contributions to the overall pressure drop using liquid-liquid systems; the 

contributions include the continuous phase, the dispersed phase, and the interface [97]. 

This model depends on several variables, namely, up, umix, d, δ, γ, μc, μd, Lp, and Lu; The 

large number of variables and the difficulty to measure δ and up with high accuracy 

hinders the use of this model. They showed the model closely matches with the 

experimental results for water-toluene and ethylene glycol-toluene systems in 248 and 

498 μm I.D. capillaries. Furthermore, Tsaoulidis et al. found this model closely predicted 

the values in water-ionic liquid systems [59].  

Mac Giolla Eain et al. reviewed the pressure drop models, compared them to 

experimental gas-liquid and liquid-liquid pressure drop measurements and proposed a 

new model for segmented flow [98]. These authors found that the practice of separating 

the contributions from different sources (e.g. continuous phase, dispersed phase, film, 

and Laplace pressure) has been adopted in several models. By comparing experimental 

data with predictions from several models, these authors showed none of the published 

models considered can accurately predict the pressure drop in liquid-liquid systems. The 

model by Kreutzer et al. was found to have large errors for liquid-liquid systems and the 

model by Jovanovic et al. systemically underestimated the experimental results. The 

authors modified a model by Warnier et al. [96] to adjust to the experimental data and 

found that the friction factor depends on Qc/QT, Ca, Ls/d, and A’/Ap’; the experimental 

results fall within 20% error from the predicted values.  

The models reviewed above only predict pressure drops above Hagen-

Poiseuille’s prediction and, even though they are presented in dimensionless form, the 

experiments used to corroborate the results used few channel diameters and below the 

practical range for commercial applications. Steps forward in modelling pressure drop in 

segmented flows should include: formalise the various contributions to the overall 



65 
 

pressure drop, capture the dependence on channel diameter (especially for larger 

diameters), and determine what variables are important, and to what degree, in the 

calculation of the overall pressure gradient. Chapter 4 presents progress towards these 

goals for liquid-liquid segmented flows. 

2.6 Scale-up of small-channel processes 

Early studies on microreactor technology envisioned the throughput could be 

scaled to production levels simply by scaling-out, this is, via arranging enough parallel 

microreactors to achieve the desired throughput. The key idea of scaling-out is to retain 

the reaction conditions of the single-channel reactor for the whole parallel arrangement. 

Fig. 2-5, reproduced from Luis & Garcia-Verdugo [99], shows, conceptually, how scaled-

out equipment would replace a conventional one. 

 

Figure 2-5 Conceptual difference between processes using conventional 
equipment (a), and scaled-out equipment (b). Reproduced from Luis & Garcia-
Verdugo [99]. 

The scale-out approach has proved challenging for both single- and multi-phase 

processes. Recent reviews by Jensen and Zhang et al. have highlighted that the slow 

development in this area is due to the complex problem of flow distribution and the lack 

of effective flow distributor designs [4,100]. It is now recognised that, in order to scale-

up the throughput of a microreactor, a combined approach of scaling-up the size of the 

channels followed by scaling-out is the most effective path [4,100]. The scaling of the 

reactor dimensions has to preserve the mass (and heat) transfer advantages that are 

observed in the microscale systems. This is particularly difficult for multiphase processes 

where the flow patterns (and interfacial areas) also depend on the reactor scales.  
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The rest of this section presents the economic implications of scaling-out and 

critically reviews relevant developments on flow distribution for single-phase processes. 

2.6.1 Economies of scale 

The capital investment of a plant or equipment is a function of the capacity, or 

nominal throughput [101]. Eq. 2-15 shows this relationship, where I is the capital 

investment, k is a parameter independent of the scale, Q is the capacity or throughput, 

and b is the scaling exponent. 

I = kQb    (2-15) 

Values of b are published for some equipment in engineering and economics literature 

[101]. Economies of scale are true when the exponent b is less than 1.  

Harmsen quotes values of b for conventional reactors and contactors around 0.6 

and 0.65 [51,102]. It has been argued that the exponent for a process scaled-up via 

parallelisation (scale-out) has a value equal to 1 and would be competitive only at low 

throughputs [51,102,103]. This is strictly true for the parallel channels but not for the 

whole scaled-out contactor because the number of pumps does not scale linearly with 

the number of channels. Kaske et al. identified that the pumps are the most expensive 

item in a micro-reactor/contactor setup and thus, their number has to be minimised [104]. 

Figure 2-6, reproduced from Harmsen [102], shows an example of how the capital cost 

of microreactors scales linearly while conventional reactors have exponents less than 1. 

This figure has limitations, such as using heat exchange duty as a proxy for capacity and 

only having one data point for the intensified case. 
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Figure 2-6 Cost curve for microreactors and conventional reactors as a function 
of heat exchange duty. Reproduced from Harmsen (2013) [102]. 

Figure 2-6 illustrates the importance of economies of scale that must be achieved 

by intensified technology. Even though their efficiency is very high, any intensified 

contactor should scale favourably in economic terms to be competitive at large, 

industrially-relevant scales.  

Two complementary goals can be identified from the study of economies of scale 

for intensified contactors. The first one is to minimize the parameter k (the slope in Fig. 

2-6) by minimising scale-independent costs (i.e. maximise the efficiency of the single-

channel process). The second goal is to reduce the scaling exponent (b) by designing 

flow distributors which reduce the need to use parallel pumps for parallel main channels. 

Both of these goals are addressed in this thesis. 

2.6.2 Single phase flow distribution 

This section provides a critical review of different flow distributor designs that 

have been applied to single-phase processes and their applicability to multiphase 

processes. Four main types of distributor designs are identified, namely, bifurcation 

distributors, consecutive manifolds, split-and-recombine distributors, and screen-header 

distributors. They are analysed in terms of effectiveness, efficiency of energy and space 

use, ease of manufacturing, and potential to be used in multiphase processes. 
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Bifurcation distributors use the simplest way to distribute a flow. In the simplest 

arrangement, this distributor divides a single stream into two parallel ones using tee-

junctions. It can do so radially or using other types of junctions but the core concept is 

the same. Amador et al. showed this type of distributor can produce approximately 

equipartitioned flows as long as the fabrication tolerances are sufficiently tight [105]. This 

flow distributor is limited to distribute a flow into a power-of-two number of channels (2, 

4, 8, 16 …) which may be restrictive for large number of channels; also, this flow 

distributor has a relatively large footprint. This type of distributor may be suitable for 

multiphase processes, as long as the number of channels is not very large. 

Consecutive manifolds, shown if Fig. 2-7 a, consist of a distribution section, which 

feeds to the main channels and then an optional collection section. The flow distribution 

is not simple to calculate but is well understood since the initial works by Commenge et 

al. and Amador et al., who used CFD and a resistance network model as shown in Fig. 

2-7 b [105,106]. Wang extended this model for high Reynolds numbers and found the 

resistance network model is suitable for their modelling [107]. The hydraulic resistance 

these models use is simply the pressure drop divided by the volumetric flow rate, a 

physically-sound analogy to Ohm’s Law, according to Oh et al. [108]. Unlike bifurcation 

distributors, consecutive manifolds are not limited to any number of channels and their 

footprint is small. There are no publications on their energy efficiency. Amador et al. 

compared the modelling results to experimental data and determined the fabrication 

tolerances have a slight effect on the flow distribution [105]. This type of flow distributor 

is suitable for multiphase processes but the effect of the design variables on the 

effectiveness of the flow distribution has to be studied systematically; this is addressed 

in Chapter 5 of this thesis.  
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Figure 2-7 Consecutive manifold. a) Shows a schematic of the flow distributor, b) 
shows the corresponding resistance network used to model the flow distribution. 

Split-and-recombine distributors (Fig. 2-8) were first proposed for microreactor 

scale-out by Tonomura et al. [109]. They have a similar structure to bifurcation 

distributors with the key difference that the channels are connected again after every 

bifurcation. In comparison to bifurcation distributors, split-and-recombine ones perform 

well if the inlet flow or composition changes and if there is a blockage downstream in the 

main channels [109,110]. This type of distributor, unlike bifurcation ones, is not limited to 

any number of channels but requires several additional connections for every additional 

main channel, which would occupy a large footprint, even for a small number of main 

channels. This flow distributing structure may prove useful for specific applications where 

blockages are of particular concern. 
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Figure 2-8 Split-and-recombine flow distributor schematic. Reproduced from 
Wang et al. [110]. 

Screen-header flow distributors, shown in Fig. 2-9, have been used to scale-out 

microreactors into 3-D monoliths, unlike the 2-D flow distributors reviewed above. They 

consist of two perpendicular screens, which distribute the flow into vertical slots and then 

into horizontal ones, before they feed into the 3-D arranged main channels. Rebrov et 

al. developed equations for optimal design of this type of flow distributor [111]. 3-D flow 

distributors are space-efficient but their design cannot easily be transferred into 

multiphase flows. 
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Figure 2-9 Schematics of a screen-header flow distributor. Reproduced from 
Rebrov et al. [111]. 

2.7 Scale-up of multiphase small-channel processes 

To increase the throughput of small-channel contactors, the channel dimensions 

are scaled first followed by scaling-out into many parallel channels. This section reviews 

both the scale-up and the scale-out literature available for multiphase small-channel 

processes. 

2.7.1 Scale-dependence of segmented flow processes 

There is a limited number of studies where the effects of the dimensions on the 

process performance are analysed systematically for multiphase small channel 

contactors. The results reviewed here focus on liquid-liquid contactors under segmented 

flow regime. The literature reviewed is ordered according to the largest channel size 

studied. A short analysis of the gaps and inconsistencies found in the literature is 

presented at the end of this section. 

Garstecki et al. were among the first to report drop lengths (in segmented flow) 

using the channel dimensions as a reference to have dimensionless quantities [65]. They 

found that, for channel widths of either 50 or 100 μm, the same relationship (function of 

Qd/Qc) could describe the dimensionless plug length. Jovanovic et al. studied the effect 

of size in channels with hydraulic diameters of 248 and 498 μm [97]. These authors used 
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dimensionless numbers, such as Reynolds (Re), capillary (Ca), Weber (We), and Bond 

(Bo) to describe the hydrodynamics of segmented flow. Even though they did not obtain 

correlations that could relate segmented flow hydrodynamic properties (e.g. 

dimensionless plug/slug lengths) with the dimensionless numbers, they found that, for 

the same fluids, larger channels produce longer slugs. Li & Angeli studied several 

hydrodynamic characteristics of segmented flows using channels with diameters of 200 

and 500 μm. They found the dimensionless film thickness has a very limited dependence 

on the channel size (exponent≈0.1). The dimensionless plug velocity and length were 

found to be independent of the diameter. The pressure gradient depended strongly on 

the diameter but the relationship was not shown explicitly. Cao et al. studied the 

dimensionless plug length (Lp/d) and the plug velocity relative to the mixture velocity 

using channels with hydraulic diameters of 200, 400, and 600 μm [64]. They proposed a 

power-law correlation of the dimensionless plug length (Lp/w) with Qd/Qc, Red, and Wed. 

From their correlation, it can be calculated that the effect of channel size on Lp/w has an 

exponent of -0.05, which is very small and can be considered to be independent. Their 

findings on plug velocity do not show a trend with respect to channel size. Shimanouchi 

et al. reported a reactive extraction process under segmented flow regime using 

channels with diameters of 500 and 800 μm [112]. Under similar hydrodynamic 

conditions (i.e. same fluids, flow rate ratio, and mixture velocity), the performance was 

practically the same, with some small improvements in the small channel. Zhang et al. 

studied the channel size effects on interfacial area, plug velocity, and mass transfer 

coefficient using channels with diameters of 0.8, 1.2, and 1.8 mm [81]. These authors 

found that the relative velocity of the plugs with respect to the total superficial velocity 

becomes larger for larger diameters. According to their results, the dimensionless 

interfacial area depends only on Qd/QT and is independent of the channel size. Finally, 

they found that the mass transfer coefficient (kL) decreases approximately linearly with 

respect to the channel diameter. Tsaoulidis & Angeli studied the effect of channel size 

on segmented flow hydrodynamics and mass transfer for channel sizes of 0.5, 1, and 2 

mm [33,34]. They found the dimensionless plug length to be a function of the diameter 
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with an exponent close to 0.5. The dimensionless film thickness has a smaller exponent, 

of 0.1. The relative plug velocity also increases with the diameter. The recirculation time 

was found to increase (slower mixing) with increasing channel size, this is mainly 

attributed to the increase in plug length. Larger channels have smaller pressure drops. 

The extraction efficiency and the volumetric mass transfer coefficient, at the same 

mixture velocity and residence time, are higher in the smaller channels, mainly because 

of the larger specific interfacial areas available in the smaller channels.  

There is considerable variation in the findings of scale-dependency of the 

hydrodynamic features and mass transfer performance of segmented flow contactors. 

This review shows that most studies have used microchannels with d<1 mm. The results 

coincide, broadly, in two critical aspects, in larger channel sizes, the mass transfer rate 

is slower (smaller specific interfacial areas, slower mixing, lower mass transfer 

coefficient) but the pressure drop is reduced. This opens up a trade-off analysis that 

needs to be considered in the design of segmented flow contactors. 

2.7.2 Two-phase flow distribution 

The distribution of two-phase flows has not yet been accomplished on a 

commercial scale but research literature is available on the topic. Luis & Garcia-Verdugo 

identified six important issues regarding the scale-out of two-phase systems [99]. These 

are (1) blockage by solid particulates in the small channels, (2) inhomogeneous 

distribution of flow between the channels, (3) cost of manufacturing the scale-out 

contactors, (4) precision of flow control, pulse-free flow, (5) pressure drop in the 

multichannel contactor, and (6) control of large parallel reaction systems. While all these 

issues are important, the first two need to be tackled first in order to consider the rest. 

The same authors identified that the solids-handling issue can be solved by using 

operating under segmented flow regime and relatively large channels. The challenge is 

then to design an economically viable and effective flow distributor to operate under 

segmented flow. 
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The effects of maldistribution on the performance of single-phase multichannel 

processes are well documented [113–115]. The various channels have different flow 

rates thus different residence times, which affect the conversion and selectivity of a 

reaction. For multiphase processes, this has been studied much less. Fig. 2-10 shows 

that, since each phase can be maldistributed independently, the maldistribution affects 

the mixture velocity (with similar effects on the residence time as in the single-phase 

case) and the ratio of the phases inside each channel. Multiphase processes are 

generally very sensitive to the phase flow rate ratio so the effects of maldistribution on 

multiphase processes can be very different from the single-phase cases. 

 

Figure 2-10 Matrix of the effects of maldistribution of each phase (uc, ud) on the 
mixture velocity (umix) and flow ratio (uc/ud). û is the mean (or design) velocity 
across the channels for either phase. 

Schubert et al. studied a gas-liquid monolith reactor for the hydrogenation of 

glucose that was supposed to operate under segmented flow [116]. They did not use an 

effective two-phase flow distributor and found that many channels did not have a 

segmented flow pattern. The maldistribution of each phase, up to the point where the 

flow patterns were disrupted severely reduced the selectivity and conversion of the 

reaction processes. These negative results highlight the importance of multiphase flow 

distribution in the path to large-scale intensified reactors and contactors. 

The flow distribution of two fluid phases can be done in two essentially different 

ways. Either the two fluid phases are divided into the required number of channels and 

then the fluids are put in contact (split-combine), or, the fluids are combined first and then 
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the two-phase flow is divided into the required number of channels (combine-split). Fig. 

2-11 shows both approaches schematically.  

 

Figure 2-11 Schematics of the two basic strategies to multiphase scale-out. In a) 
the split-combine approach is presented and b) shows the combine-split 
approach. 

The combine-split approach requires fewer mixing points but splitting (equally) 

multiphase flows is challenging. Hoang et al. developed a bubble-splitting distributor, 

shown in Fig. 2-12 [117,118]. With a bifurcation structure, a gas-liquid segmented flow 

is divided into up to 8 channels. The splitting is restricted in terms of flow rates, as only 

slow flow rates with very large liquid-to-gas ratios were effectively split. While it is an 

important proof-of-concept, it would not be able to serve as a commercial-scale 

multiphase distributor. Chugh et al. proposed the use of random mixers to mix the two 

fluids before they enter a 3-D monolith, as shown in Fig. 2-13 [119]. The random mixers 

designs are a chamber (figure 2-13 a), a radial manifold for the liquid phase (figure 2-13 

b), and a cylinder packed with PVC spheres (figure 2-13 c). In contrast to intensified 

technologies, these proposed mixers cannot be accurately modelled or operated. This 

method may be suitable for systems that do not require precise flow distribution and may 

afford to have poor performance in exchange for a low-cost, simple flow distributor. 
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Figure 2-12 Bubble-splitting bifurcation distributor, an example of the combine-
split scale-out strategy. Reproduced from Hoang [118]. 

 

 

Figure 2-13 Random mixer design proposals for 3-D multiphase monolith 
contactors. Reproduced from Chugh et al. [119]. 

The split-combine approach to multiphase scale-out requires splitting single-

phase flows, which has received more attention (section 2.6.1) and is inherently simpler. 

The single-phase splitting can take place using bifurcation distributors, consecutive 

manifolds, or split-and-recombine distributors. Chambers et al. designed, without an 

explicit methodology, a scaled-out gas/liquid microreactor for fluorination reactions [48]. 

They achieved high conversion and yield thus serving as proof of concept for scaled-out 

multiphase microreactors. Their prototype, built by combining chemical etching and 

standard drilling, can operate with up to 3, 9 or 30 channels at a time and is made of 
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stainless steel lined with PTFE. The authors did not show details of the flow distribution 

in the channels or results with the different configurations, only conversion and yield. Su 

et al. scaled-out a gas-liquid photoredox reaction into 2, 4, and 8 channels using T-

junctions in a bifurcation approach [120]. They found standard deviations on the liquid 

phase flow rate to be, mostly, below 10% and decrease with total velocity (calculated as 

the sum of inlet superficial velocities). Kashid et al. presented the earliest works on liquid-

liquid scale-out [121]. These authors used six-channel commercial radial distributors for 

each phase and then contacted them using Y-junctions. They achieved segmented flow 

in all the channels and reported standard deviation of the phase flow rate ratio below 

5%. The radial distributor is not a viable alternative for large-scale numbering-up. Al-

Rawashdeh et al. studied the flow distribution for gas-liquid systems using consecutive 

manifolds for both phases (Fig. 2-14) [49,122,123]. They used resistance network 

models and experimental setups (up to 8 channels) to study the maldistribution and their 

relationship with the design of the manifolds. In particular, they analysed the effect of 

fabrication tolerances on flow maldistribution, which had not been considered before. 

Darekar et al. studied a flow distributor with the same design as Fig. 2-14 using 

computational fluid dynamics (CFD) and experimentally [124]. They studied the effect of 

flow rate, inlet channel diameter, outlet channel diameter, and distance between outlets 

for up to six channels. After several design iterations these authors achieved non-

uniformity around 5%. These studies form the basis for the further development of 

scaled-out intensified multiphase processes. 
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Figure 2-14 Barrier-based two-phase flow distributor designed by Al-Rawashdeh 
et al. [123]. 

This section reviewed the challenges, necessary considerations, approaches, 

and recent advances to scale-out of multiphase systems. Regarding the split-combine 

and combine-split approaches, it is clear that the former is more adequate for the 

purpose of large-scale intensified contactors. However, since the largest number of 

channels reported for a scale-out contactor is eight, there are clearly opportunities to 

develop this area further. Three areas to address are, (1) a more robust quantification of 

the maldistribution; previous works report statistically incomplete results (e.g. standard 

deviations of the flow rate of one phase only) ignoring the multivariate nature of 

multiphase distribution. (2) Understand how maldistribution changes with the number of 

channels (i.e. incorporate the number of channels as a variable); this is particularly 

important considering commercial applications will require large numbers of channels. 

Finally, (3) understand the economic trade-offs of scaling-out; these include the capital 

cost of building the flow distributors and the pumping power costs. This review has shown 

there is a need for a robust methodology for the design of two-phase flow distributors 

that addresses the current gaps in this area and the needs of commercial applications. 
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2.7.3 Scale comparison of intensified and conventional contactors 

The previous two sections have reviewed the available literature on scale-out 

multiphase processes operating under segmented flow. In this section, the results are 

compared with conventional contactors.  

The total throughputs, in terms of total volume per unit time, that Su et al. (d=0.75 

mm, 8 channels) [120], Kashid et al. (d=0.5 mm, 6 channels) [121], Al-Rawashdeh et al. 

(d=0.9 mm, 4 channels) [122], and Darekar et al. (d=2 mm, 6 channels) [124] reported 

are, approximately, 1.4×10-3, 4.8×10-4, 2×10-4, and 4.8×10-3 m3 h-1. These throughputs 

are several orders of magnitude away from being commercially competitive, both 

because they use small channel diameters and number of channels. Table 2-4 presents 

examples of conventional contactors and related throughputs, and the numbers of 

channels that would be required to achieve the same throughputs, for different channel 

sizes. The number of channels needed scales linearly with the throughput and is 

inversely-squared proportional to the diameter. The strong dependence of throughput on 

channel diameter is the driving force to investigate segmented flow processes at 

diameters as large as 4 mm. 
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Table 2-4 Number of parallel channels of different diameters needed to process a 
determined throughput. Comparable conventional contactors are included for 
each throughput considered. The single-channel throughput in every channel is 
calculated for a mixture velocity of 4 cm s-1. Operation years of 8000 hours are 
used. 

Total 

throughput 

/ m3 h-1 

(m3 yr-1) 

Comparable conventional 

contactor 

N 

(d=1 mm) 

N 

(d=2 mm) 

N 

(d=4 mm) 

5×10-3 

(40) 

Lab-scale centrifugal extractor [125] 

Impinging jet contactor [29] 

45 12 3 

5×10-2 

(400) 

Bench-scale rotating disc contactor 

[126] 

443 111 28 

5×10-1 

(4000) 

Pilot plant centrifugal extractor [127] 

Graesser raining bucket extractor [2] 

4421 1106 277 

 

2.8 Overview 

This literature review provides a broad overlook of the use of small-channel 

contactors for liquid-liquid extraction applications. Conventional processes and 

equipment are described and the opportunities for intensification are highlighted. These 

opportunities go beyond increasing the mass transfer rates and include safe operations 

with reduced solvent usage. Several examples of applications of small-channel 

contactors are presented. Liquid-liquid segmented flow is reviewed in terms of 

hydrodynamics, pressure drop models, and mass transfer performance. Emphasis is 

given on the effect of channel size and scale-up of contactors operating under 

segmented flow. The numbering-up strategy is analysed, first from an economic point of 

view, followed by a technical one. 

Several conclusions can be made from the literature reviewed. Clearly, many 

liquid-liquid processes are important economically and through process intensification 

can they be largely improved. Liquid-liquid segmented flow has been extensively studied 
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in the past few years but given the wide range of parameters that affect its hydrodynamic 

and mass transfer characteristics, the effects of design and operation parameters are 

not fully characterised yet. The throughput achievable using a single channel is not 

sufficient, not even for a niche application. To increase throughputs both scale-up of the 

diameter and parallelisation (numbering-up, scale-out) are necessary (see Table 2-4). 

This challenge remains largely unexplored and the few publications on the topic have 

been reviewed. A rigorous analysis of multiphase scale-out is critically needed to further 

intensify liquid-liquid processes. 
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3 Research Methods 

3.1 Experimental methods 

3.1.1 Materials and flow equipment 

The substances and solutions used in the experiments described in sections 4.1 

- 4.4 were the following: The aqueous phase was deionised water saturated with the 

respective organic phase. The organic phases were pure tributyl phosphate (TBP) (97% 

Aldrich), referred onwards as TBP 100%, and a solution of TBP 30% v/v in kerosene 

(low odour, Alfa Aesar). The organic solutions were equilibrated with water. 

In section 4.6, the aqueous phase was substituted with a 3 M nitric acid (HNO3) 

(Sigma-Aldrich) solution. For the uranium extraction experiments, uranyl nitrate 

hexahydrate (UO2(NO3)2·6H20) was used. This salt contains uranium in its sixth oxidation 

state and it is referred onwards as U(VI). It was initially dissolved in the organic-saturated 

nitric acid 3M phase. Different concentrations of U(VI) were used depending on the 

experiment. 

In Chapter 6, the following substances and solutions were used: The aqueous 

phase was a 10-2 M KOH (Sigma-Aldrich) solution in deionised water; 1 mL of 

phenolphthalein solution (0.5%, Reagecon) was added for every 250 mL of the aqueous 

solution. The organic phase consisted of acetic acid (glacial Sigma-Aldrich) 10-2 M 

dissolved in kerosene. 

The set up consisted of the following: tubing, mixing junctions, pressure-probe 

tees, visualisation boxes, and syringe pumps. Three channel sizes with different 

diameters were used; their dimensions are presented in table 3-3. The material for the 1 

and 4 mm tubing is a perfluoroalkoxy alkane polymer (PFA). The 2 mm tubing is made 

of fluorinated ethylene propylene (FEP). Both PFA and FEP are fluoropolymers very 

similar to each other and to Teflon (PTFE). These materials are hydrophobic and are 

preferably wetted by the organic phases over the aqueous phases. The mixing junctions 

were in all cases tees with internal diameter (ID) that matched the ID of the tubing. The 
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mixing tees were used such that the organic phase (wetting phase) was fed on the same 

axis as the tee exit while the aqueous phase (non-wetting) was fed perpendicularly to 

the tee exit. The 1 mm and 2 mm mixing tees were made in-house by drilling PTFE tees 

(IDEX) in the High Precision Design & Fabrication Facility within the Faculty of 

Engineering at UCL. The 4 mm tees are made of PTFE and are available commercially 

(BOLA). The tees used along the two-phase flow channel in the pressure drop 

measurements were drilled only in the direction of the flow to have the same diameter 

as the flow channel. These pressure-port tees are made of PTFE (IDEX and BOLA in 

the 4 mm case), which has the same wettability as PFA; no disruption to the flow was 

observed in any case. The visualisation boxes used to obtain the imaging results (section 

4.3) were prepared with a transparent polystyrene box (with flat faces) filled with a 

glycerol-in-water mixture 10% m/m to match the refractive index of the fluoropolymer 

tubing. 

Table 3-1 Dimensions of tubing used in flow experiments. Dimensions and 
uncertainties are reported by the manufacturers. 

Nominal 

diameter 

(d) / mm 

Internal 

diameter 

(ID) / mm 

ID 

uncertainty 

/ mm 

Outer 

diameter 

(OD) / mm 

Manufacturer 

(part number) 

1 1.000 0.025 1.587 
IDEX 

(1507) 

2 2.000 0.075 3.000 
IDEX 

(1677) 

4 4.00 0.10 6.00 
BOLA 

(S 1815-20) 

 

Syringe pumps (Legato210 kdScientific) were used for the flow experiments 

presented in Chapter 4. The manufacturer reports a flow rate accuracy of 0.35%, 

however, in-house testing showed the flow rate uncertainty to be <1.5% for the range of 
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flow rates investigated. In Chapter 6, HPLC pumps were used (ECP2300 ECOM). The 

accuracy reported by the manufacturer matched the flow rate uncertainty measured of 

2%. 

In Chapter 4, for the hydrodynamic studies (sections 4.2 and 4.3) four mixture 

velocities (umix) (1.06, 2.12, 3.18, 4.24 cm s-1) and four organic phase flow rate fractions 

(0.500, 0.333, 0.250, 0.200) were used in the three channel sizes. All of these flow 

conditions exhibit segmented flow and allow for a factorial design of experiment.  For the 

mass transfer experiments (section 4.4), two mixture velocities (1.06, 4.24 cm s-1) and 

three organic phase flow rate fractions (0.500, 0.333, 0.250) were tested. The initial 

concentration of UO2(NO3)2·6H2O was 0.05 mol L-1 in the nitric acid solution for all cases 

studied. The following conditions were selected as base case: TBP 30%, d=2 mm, 

umix=1.06 cm s-1, 0.500 organic phase flow rate fraction. Three residence times were 

considered, equal to 5, 10, and 20 s, which were obtained by changing the channel 

length. 

3.1.2 Characterisation of hydrodynamic properties 

The properties of the liquids used in sections 4.1-4.4, and 4.6 were characterised. 

Specifically, the density, viscosity, and interfacial tension were measured at room 

temperature (20±1 °C). Whenever possible, comparisons with values found in the 

literature are drawn. 

The liquids tested were deionised water, TBP, TBP 30% v/v in kerosene, and 

kerosene. Kerosene properties are included to highlight its role in the properties of the 

TBP 30% solution. In all the experiments, the aqueous and organic solutions were 

mutually saturated. The properties of saturated and unsaturated liquids were measured 

and compared in order to emphasise the effect of the mutual saturation on the 

hydrodynamic properties. 

The density was determined gravimetrically using an analytical balance 

(Sartorius BP121S) and a class A volumetric flask (5 ml, Fisherbrand). The results are 
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presented in Figure 3-1. The density of water is not affected by the saturation with the 

organic phases. The solubilities (at 25 °C) of TBP and kerosene (dodecane) in water are 

0.39 g/litre [6] and 3.7×10-3 mg/litre [128], respectively. The densities of the organic 

solutions are also unaffected by the saturation with water. The solubilities (at 25 °C) of 

water in TBP and in kerosene are 64 g/litre [6] and 65 g/litre [129], respectively. The 

similar bulk density of water and TBP and the low mutual solubility of water and kerosene 

explain the values obtained for the densities. Tian & Lui reported experimental densities 

of TBP and binary solutions with dodecane at 25 °C [130]. Estimated using linear 

interpolation, the TBP 30% solution v/v in dodecane has a density of 808 kg m-3 at 25 

°C. The difference of 36 kg m-3 with respect to the experimental (unsaturated) value in 

Figure 3-1 can be explained in part by the five degrees temperature difference and by 

the difference in the solvent; the dodecane used in their work has a lower density (745.79 

kg m-3 at 25 °C) compared to the kerosene used in this work (795.8 kg m-3 at 20°C). The 

density values used for the calculation of dimensionless numbers for hydrodynamic 

characterisation are presented in Table 3-2. 
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Table 3-2 Properties of the liquid phases and their uncertainties. These values are used to calculate dimensionless numbers. 

Liquid phase 

Density 

(ρ) 

/ kg m-3 

Density 

uncertainty (1σ) 

/ kg m-3 

Viscosity 

(μ) 

/ mPa s 

Viscosity 

uncertainty (1σ) 

/ mPa s 

Interfacial tension 

(γ) 

/ mN m-1 

Interfacial tension 

uncertainty (1σ) 

/ mN m-1 

Water 

sat. with TBP 
993.3 7.9 0.9405 0.0073 - - 

Water  

sat. with TBP 30% 
993.0 7.9 0.9620 0.0064 - - 

TBP 

sat. with water 
973.3 7.8 4.355 0.077 7.714 0.047 

TBP 30% 

sat. with water 
844.3 6.8 2.256 0.026 9.950 0.063 
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Figure 3-1 Density of solutions used at 293 K. In a), density of pure water and 
water saturated with the organic solutions. In b), density of the organic phases, 
pure and after saturation with water. 

The viscosity of the solutions was measured with a cone-plate rheometer 

(MCR302 Anton Paar). The results are presented in Figure 3-2. The viscosity of water 

increases 3.2% and 5.6% when it is saturated with TBP and TBP 30%, respectively. 

The viscosity is more sensitive to the composition than the density; in this case, the 

presence of large molecules (TBP and long hydrocarbon chains) in the solution 

increase the viscosity compared to the pure case. The viscosity of the organic solutions 

also increases after saturation with water. This is more noticeable for the TBP solution 

where the viscosity increases by 15%, compared to the TBP 30% solution with a 2.1% 

increase. These results are explained considering the intermolecular forces in the 

solutions, the water and the double-bonded oxygen in TBP can form polar-polar bonds 

a) 

b) 
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which increase the viscosity of the solutions. In the TBP 30% solution, where there is a 

large fraction of kerosene, the effect is less noticeable. Tian & Lui also reported 

experimental viscosities of TBP and binary solutions with dodecane at 25 °C [130]. 

They report a TBP viscosity at 25 °C of 3.399 mPa s, 11% lower than the one reported 

here, the difference can be attributed to the small temperature difference. The viscosity 

of the TBP 30% v/v dodecane solution, estimated with linear interpolation, is 1.58 mPa 

s (at 25 °C), which is 0.63 mPa s lower than the one reported here (at 20 °C). However, 

the difference can be explained by the temperature difference and the viscosity 

difference of the solvents (1.991 mPa s for kerosene at 20 °C and 1.336 mPa s for 

dodecane at 25 °C). The viscosity values used for the calculation of dimensionless 

numbers for hydrodynamic characterisation are presented in Table 3-2. 
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Figure 3-2 Viscosity of solutions used at 293 K. In a), viscosity of pure water and 
water saturated with the organic phases. In b), viscosity of the organic phases, 
pure and after saturation with water. 

Interfacial tensions were measured with a ring-probe tensiometer (K100 Krüss), 

and the results for the water-organic solutions are shown in Figure 3-3. Kerosene has 

the highest interfacial tension value followed by the TBP 30% solution and then the TBP. 

The water-TBP 30% interfacial tension value is much closer to the water-TBP value than 

the water-kerosene value because the slightly-polar structure of TBP allows it to 

concentrate on the interface. Nave et al. studied the surface properties of TBP in 

dodecane/water mixtures and reported the critical micellar concentration (cmc) to be at 

0.28 mol/litre of TBP in dodecane at 25°C [131], where a 30% v/v solution of TBP in 

dodecane is 1.094 mol/litre (at 25 °C). Therefore, the TBP 30% solution used in this work 

has a TBP concentration, most likely, above the cmc thus explaining why the interfacial 

a) 

b) 
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tension between the water-TBP 30% and water-TBP mixtures are so similar. The 

interfacial tension values used for the calculation of dimensionless numbers for 

hydrodynamic characterisation are presented in Table 3-2. 

 

Figure 3-3 Interfacial tension of mutually saturated organic solutions and water 
at  
293 K. 

3.1.3 High-speed imaging and post-processing 

High-speed imaging was used to measure the characteristics of the segmented 

flow at various conditions (Chapter 4). A high-speed camera (v1212 Phantom) was used 

for this purpose, as shown on the flow setup schematic in Figure 3-4. Visualisation boxes 

made with transparent polystyrene with flat faces were used to match the refractive index 

of the fluoropolymer tubing. The visualisation boxes were filled with a glycerol-in-water 

10% m/m mixture. The resolution in the images depends on the channel internal 

diameter since the camera was readjusted for each channel. The resolutions of the 

images are 101 px mm-1, 51.5 px mm-1, and 12.8 px mm-1 for the 1, 2, and 4 mm 

channels, respectively. The lengths reported are the average and standard deviation of 

5 plugs or slugs measured consecutively after the flow is fully developed. 
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Figure 3-4 Schematic of flow setup for high-speed imaging, pressure drop 
measurements and flow separation. 

3.1.4 Pressure drop measurements 

The pressure drop of the two-phase flows (Chapter 4) was measured using a 

differential pressure transducer (UNIK 5000 GE) and an in-house LabVIEW-based 

application. Pressure ports were placed at two points downstream from the mixing 

junction. The pressure ports had the same internal diameter as the tubing and no 

disruption to the flow was noticeable. The tubing to the pressure transducer was filled 

with the continuous phase in the main channel. The first port was placed at least 40×d 

units away from the mixing tee in order to ensure segmented flow was fully developed. 

Since the signal-to-noise ratio (SNR) depends on the distance between the pressure 

ports, this position of the second pressure port was selected for each internal diameter 

to ensure a high SNR. The distances were 62.6, 78.2, 133.0 cm for the 1, 2, 4 mm 

channels, respectively. These experiments did not use the flow separator, and the 

phases were collected in a container. Measurements were recorded over 20 s with a 5 

kHz frequency and were repeated. The uncertainties of these measurements are the 

standard deviation of ≈20,000 data points. 

3.1.5 UV-vis spectroscopy 

The concentration of U(VI) species (Chapter 4) at the outlet of the aqueous phase 

was measured with a UV-vis spectrometer (USB2000+ Ocean Optics). The 
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concentrations were measured against a calibration prepared in-situ at wavelengths 

between 415 and 420 nm, where the peak of absorbance was observed. The cuvettes 

used in the spectrometer hold approximately 1.3 ml. Each measurement was repeated 

three times.  

Batch equilibrium experiments were done for TBP 100% and TBP 30% at 1:1 

volume ratios under agitation for over 3 hours at room temperature. The distribution 

coefficients (D) measured are 28.7±1.8 for TBP 100% and 8.10±0.36 for TBP 30% 

(standard deviations correspond to three repetitions). Darekar et al. reported a 

distribution coefficient for TBP 30% v/v in dodecane with a 3 M nitric acid solution at 

room temperature of 7.0 [25]. Since undiluted TBP is rarely used, no comparable 

distribution ratios are reported in the literature, however, it can be calculated from the 

work by Hotokezaka et al. [30]. The distribution coefficient for TBP 100% v/v in dodecane 

with 3 M nitric acid solution at room temperature was found to be between 9 and 33. The 

distribution coefficient for concentrated TBP is expected to be higher than in diluted 

solutions on the basis of Le Chatelier’s principle. 

3.1.6 Liquid-liquid flow separation 

The two-phase flow was separated in-line using a membrane-based flow 

separator (SEP-10 Zaiput Flow Technologies). The SEP-10 flow separator has a dead 

volume of approximately 400 µL. Figure 3-5 shows the flow separator parts and how it 

operates. The membrane used is made of PTFE (part number OB-900-S10) and is 

hydrophobic, thus allowing the organic phase to permeate while it retains the aqueous 

phase. The maximum flow rate that the separator can effectively separate with no 

retention or breakthrough depends on the membrane, the viscosity and the interfacial 

tension of the fluids. In the case of the PTFE membrane and the aqueous-TBP or 

aqueous-TBP 30% flows, the maximum flow rate was about 10 ml min-1 for all the flow 

rate ratios tested. 



94 
 

 

Figure 3-5 Flow separator schematic showing the membrane section where the 
separation takes place and the pressure control section that ensures no 
incomplete separation nor breakthrough. Adapted from Adamo et al. [132]. 

3.2 Numerical modelling 

3.2.1 Resistance network model of double manifolds 

Flow distributors, such as double manifolds, can be modelled using resistance 

network models, as reviewed by Oh et al. [108]. This type of modelling is preferred over 

computational fluid dynamics due to the simplicity and speed to set-up and run 

parametric studies [105]. The resistance network model considers the analogy between 

fluid flow in hydraulic circuits and electrons flow in electric circuits. This modelling 

approach has been used extensively to design and optimise single-phase flow 

distributors [105,106,133]. The overall pressure drop and fabrication tolerances of the 

designed manifold were also considered by Amador [134]. 

The analogy is extended here to account for two-phase incompressible flows. 

The model considers that volumes are additive which means that it cannot be used when 

there are large volume changes due to compressibility or mass transfer. 
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Figure 3-6 a) Schematic of a double manifold. b) Schematic of the corresponding 
resistance network. A1 and A2 are the distribution sections, B1 and B2 are the 
barrier sections, R is the main section and C is the collection section; Q1 and Q2 
refer to the flow rates of each fluid. 

A manifold for incompressible two-phase flows and its electrical-circuit analogue 

are shown in Fig. 3-6 a and b respectively. Kirchhoff’s current law (KCL) and Kirchhoff’s 

voltage law (KVL) are used to solve the circuit in Fig. 3-6 b. KCL is analogous to mass 

conservation, while KVL is analogous to energy conservation. Eqs. 3-1 and 3-2 are the 

algebraic representations of KCL and KVL respectively for flow systems. 

∑ Qk
n
k=1 = 0      (3-1) 

∑ ∆pi
j
i=1 = ∑ RiQi

j
i=1 = 0     (3-2) 

where, Q is the volumetric flow rate, Δp is the pressure drop, and R is the hydraulic 

resistance defined as the ratio of pressure drop over the volumetric flow rate. The sum 

in Eq. 3-1 applies at every node of the circuit. The sum in Eq. 3-2 adds the pressure 

drops in a closed loop in the circuit. In a double manifold with N main channels, 2(N-1) 
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loops can be independently defined. Between the j-th and (j+1)-th main channels, two 

loops are defined. These loops are highlighted in Fig. 3-7. Fig. 3-7 A, shows a loop 

including channels labelled A1,j+1; B1,j+1; R,j+1; C,N-j+1; R,j; and B1,j, while Fig. 3-7 B 

shows the other independent loop containing channels labelled A2,j+1; B2,j+1; R,j+1; 

C,N-j+1; R,j; and B2,j. 

 

Figure 3-7 The j-th loops considered in the application of the Kirchhoff’s Voltage 
Law. 

For these two loops, Eqs. 3-3 and 3-4 are obtained by applying the KVL. In total 

there are N-1 equations for each type of loop. 

(QR)A1,(j+1) + (QR)B1,(j+1) + (QR)R,(j+1) − (QR)B1,j − (QR)R,j − (QR)C,(N−j+1) = 0

 (j=1…N-1) (3-3) 

(QR)A2,(j+1) + (QR)B2,(j+1) + (QR)R,(j+1) − (QR)B2,j − (QR)R,j − (QR)C,(N−j+1) = 0⁡

 (j=1…N-1) (3-4) 
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Applying KCL along the distribution channels (sections A1 and A2) at each 

junction, Eqs. 3-5 and 3-6 are obtained. 

QA1,(j+1) = ∑ QB1,k
k=N
k=1 − ∑ QB1,k

k=j
k=1 = ∑ QB1,k

k=N
k=j+1   (j=1…N-1) (3-5) 

QA2,(j+1) = ∑ QB2,k
k=N
k=1 − ∑ QB2,k

k=j
k=1 = ∑ QB2,k

k=N
k=j+1   (j=1…N-1) (3-6) 

The same procedure along the collection channels (section C) yields Eq. 3-7. 

QC,(N−j+1) = ∑ QR,k
k=j
k=1     (j=1…N-1) (3-7) 

Additionally, Eq. 3-8 is the result of applying KCL for the junctions where both 

manifolds meet before entering the main channels (sections B1, B2, R). There are N 

equations like this, one per main channel. 

QB1,j + QB2,j − QR,j = 0   (j=1…N) (3-8) 

Finally, Eqs. 3-9 and 3-10 express the mass balance at the respective manifold 

of each phase: 

∑ QB1,k
N
k=1 = QA1,1    (3-9) 

∑ QB2,k
N
k=1 = QA2,1    (3-10) 

Eqs. 3-5 to 3-7 are substituted in Eqs. 3-3 and 3-4. The resulting equations are 

divided by RR,j to yield Eqs. 3-11 and 3-12. As in the case for Eqs. 3-3 and 3-4, there are 

N-1 equations for each type of loop. 

∑ QB1,k
k=N
k=j+1

RA1,(j+1)

RR,j
+ QB1,(j+1)

RB1,(j+1)

RR,j
+ QR,(j+1)

RR,(j+1)

RR,j
− QB1,j

RB1,j

RR,j
− QR,j −

∑ QR,k
k=j
k=1

RC,(N−j+1)

RR,j
= 0  (j=1…N-1) (3-11) 

∑ QB2,k
k=N
k=j+1

RA2,(j+1)

RR,j
+ QB2,(j+1)

RB2,(j+1)

RR,j
+ QR,(j+1)

RR,(j+1)

RR,j
− QB2,j

RB2,j

RR,j
− QR,j −

∑ QR,k
k=j
k=1

RC,(N−j+1)

RR,j
= 0 (j=1…N-1) (3-12) 
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Eqs. 3-8 to 3-12 form a system of 3N linear equations for N main channels. 2N-

2 equations are obtained with the KVL analogy (Eqs. 3-11 and 3-12), there are N 

equations describing the mixing of the manifolds (Eq. 3-8) and 2 equations for the overall 

mass balance (Eqs. 3-9 and 3-10). The system can then be solved for 3N variables. 

These variables are the flow rates in the barrier channels for both phases (2N) and the 

main channels (N). Furthermore, with these results, and using Eqs. 3-5 to 3-7, the flow 

rates in the rest of the channels (distributing and collecting sections) can be calculated. 

Eq. 3-13 is the system to be solved. Appendix 3 includes a code to implement R in 

Matlab. 

𝐑 ∙ 𝐐 = 𝐒     (3-13) 

where R is the resistances matrix, Q is the flow rates vector and S, the solution vector, 

is the right-hand-side of Eqs. 3-8 to 3-12. The value of Q depends only on the values of 

resistance ratios in matrix R, which is dimensionless, and the inlet flow rates of both 

liquids, QA1,1 and QA2,1 in vector S. 

Eq. 3-13 can be solved for Q in a single step when all the hydraulic resistances 

are independent of the flow rate. When the resistance terms are not independent of the 

flow rates, Eq. 3-13 needs to be solved iteratively. In this case, the solution for the 

independent resistances can be used as initial guess. The model developed is applicable 

if volume conservation holds approximately (i.e. the density of both phases change less 

than 5%). 

In the single phase flow sections (distribution and barrier), the hydraulic 

resistances are independent of the flow rates if the flow is laminar and incompressible. 

In these conditions, the Hagen-Poiseuille equation (Eq. 3-14) can be applied and the 

hydraulic resistance depends on the channel geometry. 

∆p =
128μL

πd4
Q     (3-14) 
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The pressure drop in fittings such as reducers, expansions, elbows, and tees is 

not significant at low Reynolds numbers; however, these effects can also be included in 

the pressure drop correlation if necessary. For the pressure drop in the main channels 

with both phases present, two options can be considered: Either the multiphase flows 

have hydraulic resistances independent of the flow rate, e.g. homogeneous model 

[92,135]; or the resistances depend on the flow rates. In the latter case Eq. 3-13 is solved 

iteratively using a non-linear pressure drop model for the two-phase flows. Al-

Rawashdeh et al. showed this procedure [123]. In this work, the homogeneous model 

was selected for the two-phase flow channels for two main reasons. With this model, Eq. 

3-13 can be solved in a single step and a wide range of parameters can be studied with 

minimal computational costs. In addition, the effects of the design variables (the hydraulic 

resistance of each section) on the maldistribution and pumping requirements can be 

isolated from complex pressure drop correlations.  

In vector S, the two inlet flow rate variables (QA1,1, QA2,1) can be written in terms 

of the total flowrates in the main channels and the inlet flow rate ratio of the two phases, 

as follows: 

QT = QT,1chN = QA1,1 + QA2,1   (3-15) 

r =
QA1,1

QA2,1
    (3-16) 

Where QT, QT,1ch, and r, are the total inlet flow rate, the total flow rate in one main 

channel (assuming perfect distribution) and the ratio of the inlet flowrates, respectively. 

Both QT,1ch and r are independent of N which makes them more suitable for the scale-

out studies of double manifolds than QA1,1 and QA2,1. From the above: 

QA1,1 = QT
r

r+1
= QT,1chN

r

r+1
   (3-17) 

QA2,1 = QT
1

r+1
= QT,1chN

1

r+1
   (3-18) 

Both inlet flow rates, the only non-zero elements in S, have QT (or QT,1chN) as a factor, 

therefore Eq. 3-13 can be nondimensionalised dividing by QT (or QT,1chN). 
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Matrix R has as many variables as there are channels in the manifold. In what 

follows, in each of the different manifold sections (distribution of the single phases, 

barrier, main, collection) the channels are assumed to have the same resistance. In this 

case, the number of variables is reduced from 6N+3 (one for the number of main 

channels, two for the inlet flow rate of each phase and 6N for each resistor) to 7 variables 

(N, QT, r, RA, RB, RR, RC). Furthermore, if the collection section is not included (RC=0), as 

is the case when the output of each main channel is collected separately, one less 

variable is needed. Additionally, it follows from Eqs. 3-11 and 3-12 that only the ratios of 

resistances are necessary, which eliminates one more variable. Thus, 5 input variables 

are necessary to use the model under these assumptions, namely N, QT (or QT,1ch), r, 

RB/RR, and RA/RR (or any other combination of the resistance ratios). Of these input 

variables, RA and RB are the design variables of the double manifold; the rest of the 

variables depend on the throughput required and the requirements of the process in the 

single channel. The resistance network model and the flow maldistribution 

characterisation are studied with an in-house built Matlab code. 

3.2.1.1 Solution to non-linear pressure drop in the double manifold 

In order to solve for Q in Eq. 3-13, R and S must be independent of all the 

elements in Q. As described above, solving for this case helps to elucidate the 

relationships between R, S, and Q; and this is investigated thoroughly in Chapter 5. 

However, in general, some elements in R may depend on some elements in Q. This 

section presents the iterative method applied to solve this general, nonlinear case. 

The hydraulic resistances of the A and B sections, where there are only single-

phase flows, may depend on the flow rate due to changes in height (hydrostatic pressure) 

or, at high Reynolds numbers, due to bends, contractions and expansions. The hydraulic 

resistance of the R section with a two-phase flow is expected to depend on the flow rate 

and the flow rate ratio of the phases in each channel. Furthermore, the mixing section 

leading to the R section will also have a pressure drop associated to it due to the 

acceleration of the flow and a Young-Laplace effect because the interface is formed and 
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deformed in this point of the contactor. The hydraulic resistance of the mixing section 

can be attributed to the R section. Since resistances in series are additive, the hydraulic 

resistance for each section (A1, A2, B1, B2, and R) are the sum of the linear and 

nonlinear effects. 

In order to solve for Q using an iterative method, an initial estimate is needed. 

One alternative is to use the ideal distribution as the initial estimate (Qideal). In nonlinear 

systems with large maldistribution, this may not give accurate results. The second 

alternative is to use Qideal to calculate R and subsequently use this matrix to solve Eq. 3-

13 and obtain the initial estimate. This method to calculate an initial estimate is more 

robust and more likely to lead to accurate results. This method is used in Chapter 6 

where the empirical, nonlinear pressure drop model for segmented flow is used to design 

a double manifold prototype. 

3.2.2 Correlated maldistribution characterisation 

The most common metrics of flow distribution used in single-phase flow 

distributors are shown in Table 3-3, where Qj is the flow rate in the j-th channel, Q is the 

mean flow rate, and N is the number of parallel channels. The coefficient of variation 

(CV), defined as the standard deviation of the flowrates relative to the mean, is the most 

common maldistribution metric. The mean value of the flow rate (Q) (also termed nominal 

or design flow rate) plays an important role because it is the flow rate all channels should 

have if the flow is perfectly distributed. 
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Table 3-3 Examples of single-phase flow maldistribution metrics. 

Maldistribution equation Measure of dispersion References 

∑|Qj − Q|

NQ
 Mean absolute deviation [136] 

max(Qj) − min⁡(Qj)

max(Qj)
 

Range relative to 

maximum 
[113] 

max(Qj) − min⁡(Qj)

Q
 Range relative to mean [106,137] 

√1
N
∑(Qj − Q)

2

Q
 

Coefficient of variation 

(CV) 
[105,111,113,138–143] 

 

Single-phase maldistribution metrics must be modified before they can be applied 

to two-phase cases. In addition to the overall flowrate, the ratio of the flow rates of the 

two phases is also important. Previous works have only reported the CV of one of the 

phase flow rates, of the total flow rate, of the bubble velocity in plug flows [49,120] or of 

both phase flow rates [122,144–146]. These metrics are not sufficient in the multiphase 

cases because they do not consider the maldistribution of the ratio of the phases. 

The maldistribution in the flow of two immiscible and incompressible phases is 

studied here with a method derived from principal component analysis (PCA), a common 

statistical approach for multivariate data [147]. Following this analysis, all factors 

affecting maldistribution can be studied with the least number of variables. To completely 

characterise the dispersion of a two-variable system, in this case, the maldistribution of 

two fluids in parallel channels, a 2×2 covariance matrix is required. The covariance matrix 

(Σ) for a bivariate distribution, shown in Eq. 3-19, is a symmetric matrix with both 

variances (σ1
2, σ2

2) and the covariance terms (cov(1,2), cov(2,1)) in the two diagonals. 

𝚺 = [
σ1
2 cov(2,1)

cov(1,2) σ2
2 ]     (3-19) 

σi
2 =

1

N
∑ (Qj,i − Q̅i)

2N
j=1     (i=1, 2) (3-20) 
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cov(1,2) = cov(2,1) =
1

N
∑ (Qj,1 − Q̅1)(Qj,2 − Q̅2)
N
j=1    (3-21) 

ρ =
cov(1,2)

σ1σ2
=

cov(2,1)

σ1σ2
     (3-22) 

where N is the number of the parallel channels of the manifold, Qj,i is the flow rate of the 

i-th phase in the j-th channel, and Q̅i is the average or nominal flow rate of the i-th phase 

in the channels. Σ can be calculated given the flow rate of each phase in every channel 

of the manifold (the Qj,i data). The correlation coefficient (ρ), defined in Eq. 3-22, is a 

dimensionless number calculated as the ratio of the covariance term and the product of 

the standard deviations of the two variables, σ1 and σ2. It follows from the symmetry of Σ 

that three scalar variables are necessary to characterise the maldistribution completely. 

According to PCA the eigenvalues and eigenvectors of Σ are first calculated and 

then used to define new variables that best describe the dispersity of the data; these new 

variables are linked to the physical properties of the system. Eigenvalues satisfy the 

characteristic equation, det(Σ-λI)=0; and eigenvectors satisfy the eigenvalue equation (Σ-

λI)v=0, where I is the identity matrix. The eigenvalues, the eigenvector slope (m), and 

the angle of correlation of the variables (θ) are calculated as follows: 

λ1,2 =
σ1
2+σ2

2±√(σ1
2−σ2

2)
2
+4ρ2σ1

2σ2
2

2
    (3-23) 

m = tanθ =
λ1−σ1

2

ρσ1σ2
    (3-24) 

If |ρ| is small (i.e. <0.05), Σ is approximated by a diagonal matrix (elements 

outside the main diagonal are insignificant) and the flow rates of each phase are 

uncorrelated. It follows from Eq. 3-23 that the eigenvalues are equal to the variances and 

in this case, two CVs, as defined by Eq. 3-25, can completely characterise the 

maldistribution in the flow distributor. 

CVi =
σi

Qi
    (i=1, 2) (3-25) 
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However, if |ρ| is not small, the flow rates of the two phases are correlated. In this 

case, λ1, λ2, and m, characterise maldistribution. In order to have a dimensionless 

measure of the maldistribution, the rotated coefficient of variation (RCV) is defined (Eq. 

3-26), which is analogue to CV in Eq. 3-25. 

RCVi =
√|λi|

Qi
    (i=1, 2) (3-26) 

The eigenvector slope defined in Eq. 3-24 is related to the ratio of flow rates of 

both phases. The closer the value of m is to the value of the ratio, the better the fluids 

are distributed with respect to the flow rate ratio. Eq. 3-27 defines the phase ratio 

maldistribution descriptor (PRM). 

PRM = 1 −
m

Q2
Q1

    (3-27) 

PRM measures how different the eigenvector slope and the design phase ratio 

are. It tends to zero as the two values approach each other. 

There is an extreme case for correlated flow rates. When |ρ| is close to unity (i.e. 

>0.95), the flow rate distribution of the two phases is highly correlated. In this situation, 

λ2 and RCV2 are very small, and only RCV1, and PRM are necessary to describe the 

maldistribution. For the highly correlated case, the two descriptors can be interpreted as 

follows: 

 RCV1 indicates the maldistribution of the total flow rate in each of the 

parallel channels, independently of the ratio of the phases. 

 PRM indicates the differences in the phase ratio in the parallel channels 

from the required ratio. PRM is independent of the total flow rate in each 

channel and its maldistribution. 

Three possibilities of correlation are illustrated in Fig. 3-9 in a map of flow rates, 

with Q1 and Q2 as coordinates. Fig. 3-9a shows an uncorrelated case where 

maldistribution is quantified with the standard deviations, nondimensionalised as shown 
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in Eq. 3-25. Fig. 3-9b shows a correlated case with both eigenvectors shown. Both 

eigenvalues and the eigenvector slope, nondimensionalised with Eqs. 3-26 and 3-27, 

are used to measure maldistribution in this case. In Fig. 3-9c, a highly correlated case is 

presented and the points nearly form a line segment. Only one eigenvalue and the 

eigenvector slope are needed to quantify maldistribution in this case. 
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Figure 3-8 Geometric interpretation of the maldistribution descriptors in flow rate 
maps. a) Distribution with no correlation and the maldistribution is measured 
with standard deviations (Eq. 3-25). b) Correlated case where the eigenvalues 
and the eigenvector slope are used to measure the maldistribution (Eqs. 3-26 
and 3-27). c) Highly correlated distribution where the points nearly form a line 
segment; the length and slope of this line segment describe the maldistribution 
(Eqs. 3-26 and 3-27). 
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The analysis above describes a novel and rigorous way to measure 

maldistribution of two fluids in parallel channels. The three cases, dependant on the 

correlation coefficient, are summarised in Table 3-4. 

Table 3-4 Maldistribution cases and descriptors with respect to the correlation 
coefficient. 

Maldistribution Case Correlation Criteria 
Maldistribution 

Descriptors 

Uncorrelated |ρ|<0.05 CV1, CV2 

Correlated 0.05<|ρ|<0.95 RCV1, RCV2, PRM 

Highly correlated |ρ|>0.95 RCV1, PRM 

 

In addition to the methodology above, Q̅1, Q̅2, λ1, λ2, and θ can be used to 

calculate confidence ellipses in flow rate maps. This 2-dimensional confidence interval 

is centred in (Q̅1, Q̅2) and is tilted at an angle θ. The major and minor axes lengths, a and 

b respectively, depend on the eigenvalues and the degree of confidence selected. The 

axes lengths are proportional to the square root of the chi-squared critical value. 

a = 2√5.991⁡λ1     (3-28) 

b = 2√5.991⁡λ2     (3-29) 

For a confidence of 95%, the chi-squared critical value for 2 degrees of freedom 

is 5.991 [148]. The confidence ellipse together with the flow rate map of the particular 

system can be used to define the maximum tolerable maldistribution of the system. 

If the flowrates Qji can be measured before the fluids are mixed together then the 

statistical analysis above can also be applied to miscible fluids. In some cases, it may be 

more useful to use mass flow rates rather than volumetric flow rates. 
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4 Studies of segmented flow for multiphase 

processing applications 

4.1 Introduction 

In this chapter, the hydrodynamics and mass transfer during the extraction of 

uranyl nitrate in tributyl phosphate (TBP) solutions, relevant to spent nuclear fuel 

reprocessing, are investigated in small circular channels with diameters varying over a 

large range from 1 to 4 mm. For all the conditions investigated, segmented flow 

establishes in the channels. The effects of design and operational parameters such as 

TBP concentration, flow rate ratio, channel diameter and mixture velocity on the 

hydrodynamic characteristics and on the extraction performance are investigated. 

Images of various flow conditions are presented. Then, correlations based on 

dimensionless numbers are proposed for the main hydrodynamic parameters, including 

plug/slug/unit lengths, holdup, interfacial area and pressure gradient. The extraction 

efficiency and mass transfer coefficients are measured and further compared against 

those from conventional contactors. A simplified numerical model was able to predict the 

mass transfer in segmented flow reasonably well. The findings show that segmented 

flow contactors have high mass transfer rates, while, importantly, they can accommodate 

fluids with different properties; in the case of uranyl nitrate extraction, pure TBP can be 

used as extractant instead of the conventional TBP solution in an organic phase, which 

improves significantly the mass transfer. 

4.2 Hydrodynamic features of segmented flow 

The experimental results of plug and slug lengths under various conditions are 

presented here. This section includes the photographs of the segmented flow pattern 

under a range of conditions. Furthermore, the plug and slug lengths are measured in the 

full-factorial design described in section 3.1 and the data are analysed based on the 

Buckingham theorem below. 
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The photographs of segmented flow under several flow conditions are presented 

in Table 4-1. The photographs are scaled to be of the same size, so channels of different 

sizes appear to have the same diameter. Several effects are noticeable. The effect of 

umix can be seen by comparing lines #4 and #5. The increase in velocity, with all other 

parameters constant, makes both the plugs and slugs shorter while the plugs acquire a 

bullet-like shape. The effect of high TBP concentration, thus high continuous phase 

viscosity and density, and decreased interfacial tension can be noted by comparing pairs 

#1-#3, #4-#8, and #9-#11. The effects on plug length or unit length are neither strong nor 

homogeneous, this indicates the effect of using TBP 100%, which introduces changes 

to several properties simultaneously, is more easily discerned with dimensional analysis. 

The effect of flow rate ratio, expressed here as the continuous organic phase flow rate 

fraction, can be noted by comparing groups #1-#2, #4-#6-#7, and #9-#10. In the 2 mm 

and 4 mm channel cases (#4-#6-#7 and #9-#10, respectively), the effect of reducing the 

organic phase flow rate fraction is to elongate the dispersed phase plugs while the slugs 

shorten. In the 1 mm case (#1-#2) it appears as the plugs have roughly the same size 

while the slugs are shorter when the organic phase flow rate fraction is lower. Finally, 

the diameter effect can be noted across several experiments, for example by comparing 

the results in groups #1-#4-#9. Relative to the diameter, the plugs and slugs are longer 

for the 2 and 4 mm cases than the 1 mm case. The 2 mm and 4 mm cases give similar 

plug and slug lengths, relative to the diameter, according to the images. The next step is 

to analyse the measured lengths and suggest relationships that encompass these 

effects.  
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Table 4-1 Stills of segmented flow pattern observed. The aqueous phase is the dispersed phase and the organic phase is the 
continuous phase. Different diameter, organic phase composition, mixture velocity and phase ratio. 

# 
d / 

mm 
Organic phase 

umix / 

cm s-1 
Qc/QT Image 

1 1 TBP 30% 1.06 0.500 

 

2 1 TBP 30% 1.06 0.333 

 

3 1 TBP 100% 1.06 0.500 

 

4 2 TBP 30% 1.06 0.500 

 

5 2 TBP 30% 4.24 0.500 

 

6 2 TBP 30% 1.06 0.333 
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7 2 TBP 30% 1.06 0.250 

 

8 2 TBP 100% 1.06 0.500 

 

9 4 TBP 30% 1.06 0.500 

 

10 4 TBP 30% 1.06 0.333 

 

11 4 TBP 100% 1.06 0.500 
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From the experimental data, the dimensionless plug length (Lp/d) and the slug 

length fraction (1-Lp/Lu) were found to best correlate with the following dimensionless 

numbers: the continuous (organic) phase flow rate fraction (Qc/QT), the dispersed to 

continuous phase viscosity ratio (μd/μc), the capillary number based on the continuous 

phase (Cac=μcumix/γ), and the ratio of the Reynolds (Rec=ρcumixd/μc) and capillary 

numbers of the continuous phase (Rec/Cac=ρcγd/μc
2). Eqs. 4-1 and 4-2 present the 

correlations and Table 4-2 lists the coefficients with 95% confidence intervals, the R2 of 

the regressions and the range of the input variables. The measured ranges of Lp/d and 

1-Lp/Lu are [1.36 – 5.60] and [0.576 – 0.879], respectively. 

ln (
Lp

d
) = a1 + a2ln (

Qc

QT
) + a3ln (

μd

μc
) + a4ln(Cac) + a5ln (

Rec

Cac
)  (4-1) 

ln (1 −
Lp

Lu
) = b1 + b2ln (

Qc

QT
) + b3ln (

μd

μc
) + b4ln(Cac)   (4-2) 

Table 4-2 Regression results and range of variables for Eqs. 4-1 and 4-2. The 
confidence intervals correspond to 95%. The range of Rec is added for reference. 

Coefficient a b Variable range 

1 -2.56±0.65 -0.82±0.39 - 

2 (Qc/QT) -0.872±0.063 1.181±0.038 0.200 – 0.500 

3 (μd/μc) -0.36±0.15 -0.099±0.089 0.2160 – 0.4264 

4 (Cac) -0.280±0.069 -0.130±0.042 2.406×10-3 – 2.396×10-2 

5 (Rec/Cac) 0.099±0.061 - 395.9 – 6602 

Rec - - 2.371 – 63.53 

R2 0.944 0.983  

 

The variables with the lowest relative confidence intervals in both Eqs. 4-1 and 

4-2 are Qc/QT and Cac. As less dispersed phase is added (higher Qc/QT), the plugs 

become shorter (lower Lp/d), The effect of the capillary number is explained by the forces 

at the inlet; higher Cac implies higher velocity at the T-junction that tends to break the 

forming plugs with higher frequency. The viscosity ratio is important for Lp/d but not as 
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important for Lp/Lu, while the effect of Rec/Cac, for the ranges investigated, is small but 

not negligible. The goodness-of-fit for both regressions is shown in Figs. 4-1 and 4-2. 

Most experimental results are contained within 20% of the predicted values. These 

results were obtained using two fluids pairs, namely, water-TBP 30% and water-TBP 

100%, and the regression coefficients should be applied cautiously to other fluid 

systems. However, the overall dependencies of the lengths from the input variables will 

likely hold for geometrically similar systems (T-junctions and circular channels). Empirical 

correlations are most useful from a design perspective but also serve as an important 

benchmark to first-principles models which should aim to predict the hydrodynamic 

characteristics of liquid-liquid segmented flows at least with the same accuracy as 

empirical models. 

 

Figure 4-1 Lp/d predicted from Eq. 4-1 against experimental results with 20% bands 
for all cases studied. 
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Figure 4-2 (1-Lp/Lu) predicted from Eq. 4-2 against experimental results with 20% 
bands for all cases studied. 

In segmented flow, the unit length (Lu), defined as the length of a plug and a slug, 

is an important variable. In Eq. 4-3, derived from Eqs. 4-1 and 4-2, Lu/d is given as a 

function of Qc/QT, μd/μc, Cac and Rec/Cac. Fig. 4-3 shows the dependence of Lu/d on Cac, 

and therefore umix for similar flowrates but different organic phases, and therefore 

different μd/μc and Rec/Cac. Lu/d decreases as Cac (and umix) increases for both organic 

phases. For a given Cac, Lu/d is lower for the less viscous continuous phase (TBP 30% 

in this case). Similarly to the Lp/d case explained above, a higher velocity at the T-junction 

breaks the forming plugs with higher frequency resulting in shorter units (lower Lu/d). 

Since Lu/d is estimated by combining two correlations, the errors can be compounded 

and a loss of accuracy is expected. 

Lu

d
= (

Rec

Cac
)
0.099 0.077

(
Qc
QT

)
0.872

(
μd
μc
)
0.36

Cac
0.28−0.44(

Qc
QT

)
2.05

(
μd
μc
)
0.26

Cac
0.15

   (4-3) 
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Figure 4-3 Experimental and predicted (Eq. 4-3) Lu/d dependence from Cac. For all 
cases, Qc/QT=0.5, d=2 mm, umix= [1.06, 2.12, 3.18, 4.24] cm s-1. Results for TBP 30% 
have Rec/Cac=3301, μd/μc=0.426 (continuous line). Results for TBP 100% have 
Rec/Cac=792, μd/μc=0.216 (dashed line). 

A number of correlations have previously been given in the literature for Lp/d in 

liquid-liquid segmented flows which have the form of Eq. 4-4 (section 2.3). These are 

summarised in Table 4-3. The correlations by Gartstecki et al. and Prilezski et al. have 

an additive constant (c1) in Eq. 4-4. The power-law term includes the effect of the flow 

rate ratio ((Qd/Qc)c3), the capillary number (Cac
c4) (which includes the effect of velocity), 

and another factor which may account for the effects of viscosities and the of the channel 

diameter (c2). For gas-liquid systems, Haase reviewed several Lp/d correlations [72]. 

Lp

d
= c1 + c2 (

Qd

Qc
)
c3
Cac

c4    (4-4) 
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Table 4-3 Summary of constants and adjustable parameters for Eq. 4-4 according 
to published correlations for liquid-liquid systems. dh is the hydraulic diameter of 
the square channels. 

Reference Notes c1 c2 c3 c4 

Garstecki et 
al. 

[65] 

T-junction 
Rectangular 

section 
dh=40-88 μm 

1 
Parameter 

 
≈1 

1 0 

Fu et al. 
[66] 

Flow focusing 
inlet 

Rectangular 
section 

dh=400-600 
μm 

0 

Parameter 
 

0.72 for 
Lp/d<2.35; 

0.30 for 
Lp/d>2.35 

Parameter 
 

0.14 for 
Lp/d<2.35; 

0.23 for 
Lp/d>2.35 

Parameter 
 

-0.19 for 
Lp/d<2.35; 
-0.42 for 
Lp/d>2.35 

Prilezski et 
al. 

[67] 

T-junction 
Rectangular 

channels 
dh=33 μm 

Parameter 
 

1.44 

f(μd) 
 

1.72/μd 
1 0 

Li & Angeli 
[68] 

T-junction 
Circular 
section 

d=200-500 μm 

0 
Parameter 

 
0.757 

Parameter 
 

0.512 

Parameter 
 

-0.273 

Tsaoulidis & 
Angeli 

[34] 

T-junction 
Circular 
section 

d=0.5-2 mm 

0 

f(Rec/Cac) 
 

2.2882× 
(Rec/Cac)-0.5017 

uc/umix instead 
of Qd/Qc 

 
(uc/umix)-0.9634 

Parameter 
 

-0.2289 

Cao et al. 
[64] 

Cross-junction 
Rectangular 

section 
dh=200-600 

μm 

0 

f(Red,/Cad) 
 

0.55× 
(Red/Cad)-0.05 

Parameter 
 

0.66 

Cad instead 
of Cac 

 
-0.33 

This work 

T-junction 
Circular 
section 

d=1-4 mm 

0 

f(Rec/Cac, 
μd/μc) 

 
0.0773× 

(Rec/Cac)0.099× 
(μd/μc)-0.36 

Qc/QT instead 
of Qd/Qc 

 
(Qc/QT)-0.872 

Parameter 
 

-0.28 

 

The values of the adjusted parameters summarised in Table 4-3 differ because 

they are obtained for different fluids, geometries and flowrates. However, certain trends 

can be identified. The effect of increasing Cac, and thus umix, is to shorten the plugs 

because the parameter c4 is between -0.42 and 0 (Cao et al. use the dispersed phase 

superficial velocity to define Cad but, at fixed Qd/Qc, changes in umix are reflected in the 

variations of Cad [64]). In addition, increasing the flow rate of the dispersed phase 

elongates the plugs (positive exponent in Qd/Qc or negative exponent in uc/umix or Qc/QT). 

Finally, the dependence of Lp/d on the channel diameter is found to have an exponent 

less than 0.1 for most cases except in the results by Tsaoulidis & Angeli [34] where Lp/d 
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∝ d0.5. To the best of the author’s knowledge, there are no available correlations for Ls or 

Lu for liquid-liquid segmented flow contactors. 

The above results will be used to derive correlations for the dispersed phase in-

situ volume fraction (hold up, εd), important for calculating the equilibrium concentrations 

and the mass transfer coefficient. It was found that the plug and slug lengths did not vary 

significantly along the test channels. This is usually the case in liquid-liquid flows even 

when there is mass transfer since the fluids are incompressible and the volumes of the 

plugs and slugs do not vary significantly along the channel. To estimate the dispersed 

phase volume fraction, the shape of the plugs is approximated by a cylinder with 

hemispherical caps at the end; the film thickness is thus considered constant. The holdup 

can be estimated from Eqs. 4-5 and 4-6 where εd
max is an upper limit for the holdup when 

the film thickness is infinitesimally small. Further details regarding the derivation of the 

holdup is presented in Appendix 2. εd
max is, thus, only a function of plug and unit lengths, 

while εd (Eq. 4-6) depends on the film thickness as well. 

εd
max =

Lp

Lu
−

d

3Lu
     (4-5) 

εd = (1 − 2
δ

d
)
2
εd
max     (4-6) 

In Eq. 4-6, δ is the film thickness, which can be calculated from correlations or 

measured; it was not obtained in this study as it would require images with higher 

resolution to the ones used. For the range of conditions and the properties of the liquids 

used, the correlation by Mac Giolla Eain et al. can be applied (Eq. 4-7) [69]. The 

correlation is given by the authors in terms of Cac(=μcumix/γ) and 

Wec(=RecCac=ρcumix
2d/γ) and is also written in Eq. 4-7 in terms of Cac and 

Rec/Cac(=ρcγd/μc
2) to show explicitly the effect of velocity. The factor (1-2δ/d)2 that 

appears in Eq. 4-6 varies between 0.83 and 0.95 for all the experimental conditions 

tested. 

2δ

d
= 0.35Cac

0.354Wec
0.097 = 0.35Cac

0.548 (
Rec

Cac
)
0.097

   (4-7) 
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The specific interfacial area (a), defined as the interfacial area per unit volume of 

the contactor, is also used in the calculation of the mass transfer coefficient and is not 

easily measured. Considering the plug shape discussed above, the specific interfacial 

area can be calculated from Eqs. 4-8 and 4-9, with extended derivation details available 

in Appendix 2. As with the holdup, amax×d is derived considering infinitesimally small film 

thickness and depends only on the plug and slug lengths while a (Eq. 4-9) requires the 

film thickness as well. For the conditions studied the factor (1-2δ/d) varies between 0.91 

and 0.97. 

amax × d = 4
Lp

Lu
     (4-8) 

a = (1 − 2
δ

d
) amax     (4-9) 

Eqs. 4-1 and 4-2 can be substituted in Eqs. 4-5 and 4-8 to provide estimations 

for εd
max and amax (Eqs. 4-10 and 4-11). These equations have multiple terms but the 

overall effect of each dimensionless number can still be analysed. In the case of the 

maximum holdup, Qc/QT, μd/μc, and Cac correlate negatively, while Rec/Cac correlates 

positively. On the other hand, amax×d increases with Cac and μd/μc but decreases as 

Qc/QT increases. The only term in both equations that depends on the channel size is 

Rec/Cac; εd
max has a small and positive dependence on d while amax×d is independent of 

the channel size. 

εd
max = 1 − 4.3 (

Qc

QT
)
0.872

(
μd

μc
)
0.36

(
Rec

Cac
)
−0.099

Cac
−0.280 − 0.44 (

Qc

QT
)
1.18

(
μd

μc
)
−0.099

Cac
−0.130 +

1.89 (
Qc

QT
)
1.03

(
μd

μc
)
0.26

(
Rec

Cac
)
−0.099

Cac
−0.41 (4-10) 

amax × d = 4 − 1.8 (
Qc

QT
)
1.18

(
μd

μc
)
−0.099

Cac
−0.130  (4-11) 

4.3 Pressure gradient in segmented flow 

Pressure drop is an important parameter for the design of segmented flow 

contactors that can be used to calculate pumping requirements, to design flow 

distributors for scale-out (Chapter 5) and even to estimate plug or slug lengths, as 
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proposed by Kreutzer et al. [89], which is particularly useful in the case of non-

transparent channels. 

Several models to predict the pressure gradient for segmented flow pattern flows 

are reviewed in section 2.5. Among the limitations of the previous models, the range of 

input variables is mainly addressed here. Kreutzer et al. [89] and Mac Giolla Eain et al. 

[98] obtained their results using a single channel size each (2.3 and 1.59 mm 

respectively) while Jovanovic used two small channel sizes in a relatively narrow range 

(0.248 and 0.498 mm) [97]; this indicates that there is a need for a pressure drop model 

to be validated for large diameters and in a relatively wide range. Furthermore, there is 

a need to model the pressure gradient using readily available measurements, unlike the 

film thickness. 

Previous numerical simulations have shown that in plug flow in circular channels 

the pressure profile followed the Hagen-Poiseuille equation, interrupted by periodic 

increases when plugs were present [68]. The periodicity of the pressure variation is used 

here to develop a new pressure gradient model for segmented flow contactors. In the 

model, the average pressure gradient in a tube with length L ((Δp/L)average) with a fully 

developed segmented flow, is modelled as a periodic function with a period of Lu (Eq. 4-

12) [149]. 

(
Δp

L
)
average

=
∫ (

Δp

L
)

L

0
dx

∫ dx
L

0

=
1

Lu
∫ (

Δp

L
)

Lu
0

dx    (4-12) 

The full derivation of the two-phase pressure gradient model is presented in Appendix 1. 

The pressure gradient in a unit cell is composed of contributions from the plug and the 

slug sections (Eq. 4-13). The pressure gradient in the slug is calculated from the Hagen- 

Poiseuille equation. The contribution from the plug section ((Δp/L)d) is unknown and 

captures the complex pressure losses in this region (including frictional and Laplace 

effects). 

(
Δp

L
)
average

=
32μcumix

d2
(1 −

Lp

Lu
) + (

Δp

L
)
d

Lp

Lu
   (4-13) 
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Eq. 4-13 can be written in dimensionless form (Eq. 4-14) with the definition of an overall 

friction factor (fu=(Δp/L)averaged/(ρcumix
2)), a dispersed phase friction factor 

(fd=(Δp/L)dd/(ρdumix
2)), and a dispersed phase Reynolds number (Red=ρdumixd/μd). 

fuRec = 32(1 −
Lp

Lu
) + fdRed

Lp

Lu

μd

μc
    (4-14) 

Eqs. 4-13 and 4-14 have one degree of freedom and an additional equation is needed. 

From the experimental data the following empirical correlation was obtained for fd: 

fd = 0.888⁡fu
1.046    (4-15) 

This correlation has an R2 of 0.995 for the conditions presented in section 4-2. The 

coefficient and exponent have 95% confidence intervals of 2.3% and 1.6%, respectively. 

By substituting Eq. 4-15 in Eq. 4-14, the following equation is obtained: 

fuRec = 32(1 −
Lp

Lu
) + 0.888fu

1.046Red
Lp

Lu

μd

μc
   (4-16) 

 

Figure 4-4 fuRec predicted from Eq. 4-16 and experimental results with 20% bands 
for all cases studied. 
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The experimental results are compared to the model in Fig. 4-4. The model 

described by Eq. 4-16 is implicit with respect to fu and must be solved numerically given 

the Reynolds numbers for both phases, the length fraction of the plug and the viscosity 

ratio. This pressure drop model does not include the plug velocity or film thickness. Most 

of the other models show the capillary number explicitly. The model in Eq. 4-16 includes 

the dependence on the capillary number implicitly in the length fraction of the plug (Eq. 

4-2). Eq. 4-16 accurately predicts the pressure drop for the ranges of Qc/QT, μc/μd, Cac, 

and Rec in Table 4-2. Different values of the coefficient and exponent in the calculation 

of the overall friction factor in Eq. 4-15 would be needed for conditions outside these 

values or for different inlet or channel geometries. 

The effects of the test section diameter and of the operational variables on the 

pressure gradient are shown in Fig. 4-5. The average pressure gradient is proportional 

to d-2, umix
1, and μc

1. In Eq. 4-16, the effect of the flow rate ratio is only captured in the 

plug length fraction, which strongly depends on Qc/QT. Since the organic (continuous) 

phases are more viscous than the aqueous (dispersed) phase, reducing Qc/QT results in 

lower pressure gradient, as shown in Fig. 4-5 c. 
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Figure 4-5 Pressure gradient (experimental and calculated using Eq. 4-16). The 
base case is d=2 mm, umix=1.06 cm s-1, TBP 30%, Qc/QT=0.500. 

The experimental results are also compared to the predictions of the models by 

Kreutzer et al. [89] and Jovanovic et al. [97]. The model by Kreutzer et al. is fitted with 

regression analysis and the results are presented in Fig. 4-6. The adjustable parameters 

for this model give a=0.034±333% and b=0.22±202%, where the percentages 

correspond to 95% confidence intervals. Kreutzer et al. had reported values of 0.17 and 

0.07 for a and 0.33 for b [89]. 
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Figure 4-6 Adjusted Kreutzer model prediction (surface) and experimental results 
(points). The a and b parameters are adjusted with non-linear regression (using 
Matlab Curve Fitting); the intervals correspond to 95% confidence intervals. 

The models by Jovanovic et al. are adjusted by fitting the curvature parameter 

(J); the best fit for J is 5.1±60% and 5.9±51% for the stagnant film and the moving film 

models, respectively (7.16 by Jovanovic et al. [97]); the percentages correspond to 95% 

confidence intervals. In order to use the model by Jovanovic et al., the film thickness is 

estimated from the model proposed by Mac Giolla Eain et al. [69] (Eq. 4-7) while up/umix 

is estimated from the correlation by Abiev et al. [71]. These additional estimations of δ 

and up have large uncertainties associated. In conclusion, the models by Kreutzer et al. 

and Jovanovic et al. are found to poorly predict the experimental pressure gradient 

results, especially when contrasted to the accuracy of the model presented in Eq. 4-16. 

The plug length fraction can be directly calculated from Eq. 4-16 given the 

pressure gradient, the properties of the fluids, the channel diameter, the flow rate ratio 

of the two phases, and the mixture velocity. Therefore, the pressure gradient could be 

used to estimate amax×d using Eq. 4-8. However the pressure gradient measurement 

alone is not sufficient to describe fully the segmented flow geometry, and an additional 

measurement is necessary to calculate Lp/d or Lu/d. A second measurement could be 
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the plug formation frequency obtained by analysing the pressure drop signal, as 

proposed by Miyabayashi et al. [150]. 

4.4 U(VI) extraction and mass transfer in segmented flow 

contactors 

4.4.1 Analysis of operation and design variables on extraction efficiency 

The extraction results are presented here for the cases described in section 3.1. 

A base case is studied first (d=2 mm, umix=1.06 cm s-1, TBP 30%, Qc/QT=0.5) and then 

the effects of changes in certain parameters are investigated, including mixture velocity 

(umix=4.24 cm s-1), channel size (1, 4 mm), TBP concentration (100%) and phase fraction 

(Qc/QT=0.333, 0.250). The mixture velocity and internal channel diameter are considered 

because they impact the throughput of the process, the phase fraction determines the 

organic phase usage and the TBP concentration affects the equilibrium constants and 

the efficiency of the process. 

The concentration in the aqueous phase at the exit (Caq
out) is measured with UV-

vis spectroscopy and the extraction efficiency (%Eff) is calculated according to Eq. 4-17. 

The extraction efficiency provides a measure of mass transferred relative to the 

maximum possible, in a given residence time. 

%Eff =
Caq
out−Caq

in

Caq
eq
−Caq

in × 100%    (4-17) 

In the equation above, Caq
eq is the equilibrium concentration of U(VI) at the conditions of 

the experiment. Caq
eq is calculated using the inlet phase flowrate ratio rather than the in 

situ holdup because the flowrate ratio is the average volume ratio in the contactor. Caq
in 

and Caq
out are the concentrations of U(VI) at the inlet and at the outlet in the aqueous 

phase, respectively. 

The effect on %Eff of increasing mixture velocity with respect to the base case, 

while keeping the other conditions constant, is presented in Fig. 4-7. For both mixture 

velocities, after 5 s residence time the extraction is above 40% efficiency. However, the 
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base case, at low umix, has a slow increase in %Eff, compared to the high umix case. With 

the higher mixture velocity, the extraction efficiency is >90% after 20 s of residence time, 

while in the base case the efficiency is below 80% for the same residence time. The 

increase in the extraction efficiency with mixture velocity is attributed to two phenomena, 

the increase in interfacial area and in circulation intensity in both the plugs and the slugs. 

The specific interfacial areas (estimated from Eq. 4-9 and the imaging results for water-

TBP 30% at the same flow conditions) for the low and high umix cases are 1123 and 1224 

m-1, respectively. In addition, as the mixture velocity increases the circulation time in the 

plugs decreases leading to better mixing [70]. 

 

Figure 4-7 Extraction efficiency against residence time for the base case (d=2 mm, 
umix=1.06 cm s-1, TBP 30%, Qc/QT=0.5) and for the high mixture velocity case (d=2 
mm, umix=4.24 cm s-1, TBP 30%, Qc/QT=0.5). 
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Figure 4-8 Extraction efficiency (at τ=5 s) against internal diameter (d= 1, 2, 4 mm) 
for the base case (umix=1.06 cm s-1, TBP 30%, Qc/QT=0.5) and for the high mixture 
velocity case (umix=4.24 cm s-1, TBP 30%, Qc/QT=0.5) cases. 

The effect of the channel internal diameter on the extraction efficiency is 

presented in Fig. 4-8 at a residence time of 5 s for all cases. The separator could not 

operate effectively at the large mixture velocity in the 4 mm channel and this case is not 

included here. As can be seen, there is an inverse relationship between the extraction 

efficiency and the internal diameter. For the 1 mm case, extraction efficiency >85% is 

achieved for both velocities. The %Eff in the 2 mm channel is about half of that in the 1 

mm channel and about double of the one in the 4 mm channel. The specific interfacial 

area follows the same relationship as %Eff; for umix=1.06 cm s-1, it is equal to 2726, 1123, 

and 561 m-1, and for umix=4.24 cm s-1, 2163, and 1224 m-1, for the 1, 2, and 4 mm 

channels respectively. 
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Figure 4-9 Effect of TBP concentration in the organic phase on extraction. a) U(VI) 
concentration in the aqueous phase against residence time; the dashed lines 
correspond to the equilibrium concentrations for each organic phase. b) 
Extraction efficiency against residence time. Diameter = 2 mm, mixture velocity = 
1.06 cm s-1, and phase ratio Qc/QT=0.5. 
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When 100% TBP is used as the organic phase, the amount of U(VI) extracted is 

increased as can be seen in Fig. 4-9. Since Caq
eq is different for both cases, the results 

are presented in terms of U(VI) concentrations and extraction efficiency. The mass 

transfer in the first 5 s of residence time is much larger for the TBP 100% case, compared 

to the 30% TBP, because the driving force for the mass transfer at the inlet (Caq
in-Caq

eq) 

is larger for the pure TBP case. The improved extraction efficiency is attributed primarily 

to the difference in the driving force while the interfacial area plays practically no role in 

this case. The specific interfacial area in the case of 100% TBP is only 0.5% larger than 

in the case of 30% TBP, estimated from the water-TBP 100% and water-TBP 30% 

hydrodynamic data. However, it is possible that the mass transfer coefficient is different 

for the two organic phases; this is considered in the next section. 
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Figure 4-10 Effect of the organic phase fraction on the extraction of U(VI) for 
organic phase fractions 0.500, 0.333, 0.250. a) U(VI) concentration against 
residence time; the horizontal lines correspond to the equilibrium concentrations 
for each organic phase fraction(Caq

eq). b) Extraction efficiency against residence 
time. Diameter = 2 mm, mixture velocity = 1.06 cm s-1, and TBP 30%. 
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The effect of organic phase fraction on mass transfer is presented in Fig. 4-10 in 

terms of both U(VI) concentration and %Eff. The dashed lines in Fig 4-10 a represent 

the different Caq for each case; higher Qc/QT correspond to lower Caq
eq. For all residence 

times, the relative order of the concentrations is the same as that of the equilibrium 

concentrations. For lower Qc/QT, the equilibrium concentration in the aqueous phase is 

higher and therefore the driving force for mass transfer is reduced. In terms of extraction 

efficiency (Fig. 4-10 b), the three Qc/QT cases are almost the same. As Qc/QT decreases, 

the interfacial area increases (specific interfacial areas are, 1123, 1422, 1592 m-1, for 

Qc/QT = 0.500, 0.333, 0.250, respectively) while the driving force decreases; these 

changes have opposite effects on the rate of mass transfer and result in similar extraction 

efficiencies for the three cases. 

4.4.2 Mass transfer coefficient 

The mass transfer coefficient for the aqueous phase (Kaq) is calculated as follows: 

NU =
dnU

aq

dτ

1

Ap
= −Kaq(Caq(τ) − Caq

eq
)   (4-18) 

where NU is the flux of U(VI) across the interphase, nU
aq is the number of U(VI) moles in 

the aqueous phase, Ap is the interfacial area and the term Caq(τ)-Caq
eq is the driving force 

for the mass transfer. Multiplying Eq. 4-18 by the contactor volume to get the specific 

interfacial area (a) and dividing by the volume of the aqueous phase to substitute nU
aq 

with Caq, Eq. 4-19 is obtained: 

dCaq

dτ
= −

Kaqa

εaq
(Caq(τ) − Caq

eq
)    (4-19) 

where εaq is the holdup of the aqueous (dispersed) phase. By integrating between 

periods τ1 and τ2, Eq. 4-20 is obtained, where Kaqa/εaq is constant with respect to 

residence time: 

Kaq =
εaq

a(τ2−τ1)
ln (

Caq(τ1)−Caq
eq

Caq(τ2)−Caq
eq)    (4-20) 
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The mass transfer coefficient, evaluated from Eq. 4-20, only characterises the transport 

during segmented flow in the test section and excludes any contributions in the inlet zone 

and in the separator. 

Using the experimental results, Kaq is calculated and presented in Table 4-4 for 

the conditions studied. The aqueous phase holdup (Eq. 4-6) and the specific interfacial 

area (Eq. 4-9) are also given. 

Table 4-4 Segmented flow mass transfer coefficient (Kaq), specific interfacial area 
(a), aqueous phase holdup (εaq) and their products (Kaqa, Kaqa/ εaq). For every 
case, all variables are the same as the base case, except for the stated change. 

Case 
Kaq / 

 m s-1 

a / 

 m-1 
εaq 

Kaqa / 

 s-1 

Kaqa/εaq / 

 s-1 

Base case 

(d=2 mm, umix=1.06 cm s-1, 

TBP 30%, Qc/QT=0.5) 

2.35×10-5±16% 1123 0.464 0.0264 0.0568 

umix=4.24 cm s-1 6.5×10-5±18% 1224 0.450 0.079 0.18 

TBP 100% 2.18×10-5±28% 1129 0.447 0.0246 0.0550 

Qc/QT=0.333 2.43×10-5±13% 1422 0.620 0.0346 0.0558 

Qc/QT=0.250 2.46×10-5±29% 1592 0.715 0.0391 0.0547 

 

The results in Table 4-4 show that considering experimental uncertainties, there 

is no significant difference in the mass transfer coefficient (Kaq) between the base, the 

high TBP concentration, and both organic phase fraction cases. The mass transfer 

coefficient is increased significantly only for the case of high mixture velocity as the 

mixing is improved. The internal circulation increases significantly with mixture velocity 

[70], thus increasing the mass transfer coefficient. 

A numerical model, first described by Tsaoulidis et al. [33] is used to study the 

mass transfer of U(VI) from the aqueous to the organic phase. In the model it is assumed 

that the effects of gravity are negligible, the liquids are Newtonian and incompressible, 
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and the properties (viscosities, densities, interfacial tension) are independent of the U(VI) 

concentrations. A single plug-slug unit is simulated with the plug in the centre, while 

periodic boundary conditions are applied at the ends of the unit. Cylindrical coordinates 

are used along with angular symmetry and only half of the 2-D unit cell is modelled. The 

plugs are assumed to have a cylindrical body with hemispherical caps; the plug and slug 

lengths are taken from the experiments. The film thickness and plug velocity are 

calculated from correlations given by Mac Giolla Eain et al. [69] and Abiev et al. [71], 

respectively. The solute diffusivities in the model are 10-9 m2 s-1 [151], 1.03×10-10 m2 s-1 

[152], and 2.56×10-10 m2 s-1 [152] for the aqueous, the 100% TBP and 30% TBP phases 

respectively.  

The model is solved using COMSOL Multiphysics 5.4 with the ‘Laminar Flow’ and 

‘Transport of Diluted Species’ physics modules. First, the Navier-Stokes and continuity 

equations were solved for both liquid domains (phases) in steady-state to determine the 

velocity and pressure profiles. Subsequently, the transient convection-diffusion 

equations, one for each domain, were solved to obtain the mass transfer during the 

movement of the plug along the channel. The initial conditions are zero concentration of 

solute within the slug and 0.05 mol/L within the plug. The model also assumes zero flux 

and non-slip boundary conditions at the channel walls. For the whole computational 

domain, a free triangular mesh was used, which was additionally refined along the 

interface and the channel wall. In all cases, the minimum and maximum element sizes 

along the interface were 0.02 μm and 0.4 μm, respectively. The minimum element size 

along the walls is 0.1 μm and inside each phase domain, away from the interphase, is 

1.5 μm. Further refinements to the grid were not found to affect the results. Moreover, 

the very fine grid size used ensures the numerical diffusion is minimal. For the integration 

of the convection-diffusion equations, a time step of 0.05 s was used. Because of the 

initial condition used, very large instantaneous fluxes would occur across the interface, 

which could lead to initial concentration oscillations and slightly negative values in 

regions where the concentration is zero initially. To mitigate this problem, the interphase 
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discontinuity is replaced by a step function across the interface, as described by 

Tsaoulidis & Angeli [33]. The COMSOL modelling was done in collaboration with Dr M. 

Pineda, Dr D. Tsaoulidis, and Professor E. Fraga; all from The Chemical Engineering 

Department at UCL. 

To further investigate the mass transfer and the effects of the various variables, 

the numerical model described above is used for the same cases shown in Table 4-4. 

Fig. 4-11 shows the velocity field and concentration profile of U(VI) in the aqueous phase 

plug and organic phase slug for the conditions of the base case at six different times. 

Since the simulation follows a plug, the time in the simulation corresponds to the 

residence time of the plug, not the mean residence time. The up/umix ratio, calculated 

using a correlation by Abiev et al. [71], ranges from 1.04 to 1.11 for the five cases in 

Table 4-4; this indicates the average residence time and the plug residence times are 

similar. At time 0, the solute is homogeneously distributed in the aqueous phase. In the 

first few seconds (t≤10 s), the solute in the region close to the interphase is depleted and 

a concentration profile, that follows the velocity profile (Fig. 4-11 a), forms. At longer 

times (t>10 s), the solute in the region close to the interphase is mostly depleted. Mass 

transfer continues because there is still a driving force but the solute has to diffuse from 

the high concentration region in the middle of the plug to the interphase. The 

concentration in the aqueous phase, integrated for the whole plug, is plotted against time 

in Fig. 4-12 for the TBP 30% and the TBP 100% cases. The trends followed by both 

curves are the same as those found experimentally (Fig. 4-9). It should be noted that the 

residence times are not exactly the same because the experimental one is based on the 

mixture velocity, while the numerical one is based on the plug velocity. The difference, 

however, is very small as was discussed above and the residence times have not been 

adjusted. The experimental points show lower concentration in the aqueous phase and 

therefore, higher mass transfer. This is attributed to the high mass transfer that takes 

place at the inlet, where the two phases join initially, which is not taken into account in 

the model. 
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Figure 4-11 Velocity field (a) and concentration profiles of U(VI) in the plug (b) and 
slug (c) from 0 to 60 s for the base case (d=2 mm, umix= 1.06 cm s-1, TBP 30%, 
Qc/QT=0.5). 

 

Figure 4-12 Simulated and experimental average U(VI) concentration in the 
aqueous phase against time for the base case (TBP 30%) and the high TBP 
concentration case (TBP 100%). The dashed lines represent the equilibrium 
concentration values (d=2 mm, umix=1.06 cm s-1, Qc/QT=0.5). 
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The mass transfer coefficient (Kaq) can be calculated from the simulations at 

every consecutive time step using Eq. 4-19. The results are shown in Fig. 4-13 for the 

base and the 100% TBP cases. As can be seen, Kaq decreases significantly in the 

beginning when there is a large concentration difference between the phases, while later 

(t > 10 s), when the uranium has been depleted from the regions close to the interphase, 

the change is very small. The value of Kaq, when it reaches a plateau, can be interpreted 

as a low-bound value of the mass transfer coefficient of segmented flow for those specific 

conditions. The experimental values of Kaq for the same conditions between 5 and 20 s 

(Eq. 4-20) are shown in Fig. 4-13. 

 

Figure 4-13 Mass transfer coefficient evolution with time for the base case (TBP 
30%) and the high TBP concentration case (TBP 100%). The dashed lines 
represent the experimental Kaq values at the same conditions (Table 4-4). (d=2 mm, 
umix=1.06 cm s-1, Qc/QT=0.5). 
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Figure 4-14 Initial, experimental, and final segmented flow mass transfer 
coefficients (Kaq). Initial Kaq is the mass transfer coefficient for the first time step 
of the simulation. Final Kaq is the value at which the segmented flow mass transfer 
coefficient approaches asymptotically. 

Fig. 4-14 presents three Kaq values for each case studied in Table 4-4. The initial 

Kaq is the mass transfer coefficient at the first time step of the simulation (Δτ=0.25 s) and 

is the largest Kaq value calculated because at the initial step the concentration difference 

between the phases is large and the diffusion path of the solute to the interphase is 

minimal. The final low Kaq is the value at which the mass transfer coefficient reaches a 

plateau. The experimental Kaq is the value found from the measurements calculated from 

Eq. 4-20 between 5 and 20 s. In all cases, the mean experimental value is between the 

initial and the final simulation values. The final Kaq values are similar in all cases except 

for the high umix case, which is 42% larger than the base case, because of the shorter 

unit length and the faster recirculation inside the plugs [70]. 

There is limited literature available to compare the Kaq values presented here for 

the following reasons. First, Kaq depends on the system (diffusivities, viscosities) and 

thus, it is not strictly comparable across systems. However, as long as the viscosities, 

densities, and their ratios are similar, the differences could potentially be accounted for. 

Second, Kaq is preferred over Kaqa for generality (the specific interfacial area depends on 

the system and in continuous flow contactors also on the inlet geometry) but few studies 
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determine Kaq because it would require measurements of the interfacial area. And third, 

many studies of flow contactors report the overall mass transfer coefficient, which 

includes the mass transfer that takes place in the inlet and in the outlet. This 

overestimates the mass transfer rates characteristic of segmented flow. Kashid et al. 

found mass transfer coefficients (KL) of a water/iodine/kerosene extraction between 

0.5×10-4 and 2×10-4 m s-1 [14] for channels with diameters from 0.5 to 1 mm, where the 

largest specific interfacial areas were 1970 and 780 m-1, respectively [47]. Li et al. found 

overall mass transfer coefficients ranging from 2×10-3 to 10-2 m s-1 using a sulphuric 

acid/cyclohexanone oxime/n-hexane system in a channel with a diameter of 1 mm [86]. 

Sattari-Najafabidi et al. used an acid-base reaction to study the mass transfer coefficient 

in microchannels with an internal diameter of 0.6 mm and reported mass transfer 

coefficients between 0.4×10-5 and 1.5×10-5 m s-1 for specific interfacial areas up to 5500 

m-1 [153]. The mass transfer coefficients found by Kashid et al. and Sattari-Najafabidi et 

al. are similar to the KL values presented in Table 4-4 but the values found by Li et al. 

are significantly larger. 

For packed liquid-liquid extraction columns (73 mm ID with 5/8” stainless steel 

Pall rings packing), Verma & Sharma report Kaq values between 3.76×10-5 and 4.55×10-

5 m s-1 and specific interfacial areas 74 – 133 m-1 [154]. Rezvan et al. studied pulsed 

columns (disc and doughnut columns, with 76 mm ID) for a system of water/gadolinium 

and samarium nitrate / D2EHPA in kerosene and found Kaq values of 5×10-6 to 20×10-6 

m s-1, for specific interfacial areas from 150 to 250 m-1 [155]. Doraiswamy & Sharma 

reported continuous phase mass transfer coefficients, specific interfacial areas, and 

dispersed phase holdups for several conventional liquid-liquid contactors, including 

spray and packed columns and mechanically agitated contactors [8]. They reported that 

the mass transfer coefficients range from 10-5 to 10-4 m s-1 for all types of contactors and 

the interfacial areas have values up to 1000 m-1. The dispersed phase holdup depends 

on the contactor, and in columns, it has a maximum value of 0.1, while for mechanically 

agitated contactors it can reach up to 0.4. 
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The comparison between the Kaq, and a values for intensified and conventional 

contactors shows intensified contactors have values in similar ranges, although the a 

values tend to be higher. To be commercially competitive, the intensified contactors must 

have additional advantages over conventional ones beyond the improvements in mass 

transfer coefficients. For the application considered here the small-channel contactors 

offer the following additional advantages: 1) they can handle a wide range of densities 

or viscosities of the two liquid phases and enable the use of the extractant without dilution 

thus reducing inventories, footprint, and overall volumes; 2) the flow patterns are regular, 

making the process easy to model, design and control, and reducing the need for over-

design; and 3) the residence times are very short, thus reducing the contactor volume 

needed for a particular extraction, and the radiolytic damage of the solvent. 

4.5 Conclusions 

The hydrodynamics and mass transfer characteristics of the uranyl extraction 

from an aqueous solution into an organic phase were studied in small channel contactors 

operating in segmented flow. The design and operational variables investigated include 

channel internal diameters up to 4 mm, the use of two different extractant concentrations 

in the organic phase, and a wide range of umix and Qc/QT values; this expands the range 

of variables previously explored for uranium extraction in segmented flow contactors.  

It was found that the plug, slug and unit (one plug and one slug) lengths depended 

mainly on the continuous phase volume fraction and on the capillary number based on 

the continuous phase, in agreement with previous works (Table 4-3). Assuming that the 

plug is composed of two hemispherical caps and a cylindrical body, the holdup and 

interfacial area can be expressed as functions of plug and unit lengths, and film 

thickness. Correlations are proposed to estimate the holdup and dimensionless specific 

interfacial area were shown to depend only on Qc/QT, μd/μc, and Cac. (Eqs. 4-10 and 4-

11). The pressure gradient for segmented flow was studied experimentally and a new 

model, based on the flow pattern periodicity, was proposed. The proposed dimensionless 

model fits the experimental results accurately over a wide range of conditions; other 
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available models were found to have large confidence intervals of the regression 

variables for the cases studied here.  

The extraction efficiency and mass transfer coefficients were also obtained 

experimentally and compared against the predictions of a simplified numerical model. 

The mass transfer coefficients were mainly affected by the mixture velocity. Changes in 

flow rate ratio and extractant concentration affected the amount of U extracted by 

changing the driving force or the interfacial area available but not Kaq. 

Segmented flow contactors have large mass transfer coefficients and interfacial 

areas but their principal advantages over conventional contactors are the simplified 

modelling of the symmetric and periodic flow pattern and the ability to operate with a 

variety of liquid-liquid systems with a larger range of viscosities and densities. The results 

here demonstrate that segmented flows in relatively large channels (up to 4 mm 

diameter) have good mass transfer performance and can process high flow rates (up to 

11 litres per day or 8 ml min-1 or 10-7 m3 s-1). To increase the throughput further, scale-

out approaches need to be considered, where many channels are used in parallel. The 

pressure gradient model proposed here (Eqs. 4-14 to 4-16) can be used in the design of 

flow distributors for scale-out (see Chapters 5 and 6). 
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5 Model for the scale-out of small channel two-phase 

flow contactors 

5.1 Introduction 

The methodologies developed in section 3.2 are first used to demonstrate the 

effects of the hydraulic resistances on the flow maldistribution in double manifolds (Fig. 

5-1) with a certain number of parallel channels. In addition to flow distribution, the overall 

pressure drop and power requirements are then estimated. The effects of increasing the 

number of the parallel channels in the manifold on the flow distribution and on the 

pressure drop and power requirements are finally investigated. This chapter considers 

the case where RR is independent with respect to the flow rate. The case where RR 

depends on the flow rate is discussed in Chapter 6. 

 

Figure 5-1 3D Schematic of a double manifold with one inlet for each fluid, 
distribution sections (A1, A2, green), barrier sections (B1, B2, orange), and main 
channels (R, red). 

It is important to elucidate the applicability limits of the results presented in this 

chapter. Most are presented in Chapter 3, namely, the model considers that volumes are 

additive, the limitations of the hydraulic resistances models selected will also apply to the 

resistance network model, and the maldistribution descriptors are based on standard 

deviations and share the same properties and limitations (section 3.2.2). Additionally, the 

resistances are considered identical across the distributor but, in practice, there will be 
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differences in a built distributor. The effect of these differences, fabrication tolerances, 

will have a different effect if the diameter of length are different. Since the hydraulic 

resistance for the Hagen-Poiseuille Law (Eq. 3-14) are proportional to L1 and d-4, 

differences in diameter will have stronger effects compared to differences in length. The 

focus of this chapter in on the relationship between maldistribution and manifold design 

and number of channels, as such, the effects of fabrication tolerances are not explored 

here but have been previously addressed, for single-phase manifolds, by Amador [134]. 

5.2 Effect of hydraulic resistances on flow maldistribution in the 

double manifold 

As an example of the resistance network model and the application of the flow 

maldistribution descriptors, a parametric study of a double manifold with 5 channels is 

carried out as shown in Table 5-1. The input variables are the flow rate ratio (r=[1,5]), 

and the resistance ratios (RA/RR=RB/RR=[0.1,10]). For all cases, ρ>0.05 and only for case 

6 ρ<0.95 thus requiring both RCVs and PRM to characterise the maldistribution (Table 

3-4). 

Table 5-1 Maldistribution descriptors for r: 1 and 5, RA/RR: 0.1 and 10, RB/RR: 0.1 
and 10. The double manifold modelled has 5 channels and a total flow rate of 
6x10-6 m3 s-1. In case 5, channeling, where the fluid flows opposite to the 
designed direction, is observed. 

case r RA/RR RB/RR ρ RCV1 RCV2 PRM θ /° 
a/ 

10-6 m3 s-1 

b/ 

10-6 m3 s-1 

1 1 0.1 0.1 1.00 0.219 0.00 0.00 45 0.643 0.00 

2 1 10 0.1 1.00 2.32 0.00 0.00 45 6.81 0.00 

3 1 0.1 10 1.00 0.0419 0.00 0.00 45 0.123 0.00 

4 1 10 10 1.00 1.47 0.00 0.00 45 4.32 0.00 

5 5 0.1 0.1 Channeling    

6 5 10 0.1 0.853 1.78 0.588 0.451 6.3 8.71 0.576 

7 5 0.1 10 1.00 0.0322 0.00 0.434 6.5 0.158 0.00 

8 5 10 10 0.997 1.08 0.0672 0.163 9.5 5.31 0.0658 
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Figure 5-2 Distribution profiles and flow rate maps for cases 3 (a to c) and 7 (d to 
f) from Table 5-1 (N=5, QT=6x10-6 m3 s-1). a, b, d, e) Flowrates of each phase in the 
channels; the perfect distribution line is calculated as QAi,1/N. c, f) Flow rate 
maps. The circle indicates the perfect distribution case, calculated as (QA1,1/N, 
QA2,1/N). The 95% confidence ellipses are also shown; the minor axis length, b, is 
zero in both cases and the ellipses collapse into line segments. 

The cases in Table 5-1 where the flow ratio is 1, show consistent values of ρ=1 

and PRM=0. In these cases, the maldistribution is completely described by RCV1. The 

lowest RCV1 value, thus lowest maldistribution, corresponds to case 3 where RA/RR=0.1 

and RB/RR=10; this case is plotted in Fig. 5-2a to c. As can be seen in Fig. 5-2a and b, 

the flow rate in each main channel is close to the equal distribution line. For both phases, 
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channels 1 and 2 have more flow rate than the average and channels 3 to 5 have slightly 

lower flow rates. Fig. 5-2c shows the flow rates of the two phases in each main channel 

in a flow rate map, together with the point of perfect distribution. In the same graph, the 

95% confidence ellipse is plotted. This ellipse has its centre in the point of perfect 

distribution and is rotated by angle, θ=45°, calculated from Eq. 3-24. The major and minor 

axes lengths are calculated from Eqs. 3-28 and 3-29. PRM, in this case, is zero which 

indicates the ratio in all the channels is equal to the inlet ratio and thus the eigenvector 

slope (m=tan (θ)) is equal to 1/r. Since the minor axis length is zero (from ρ=1 and Eqs. 

3-23 and 3-29), the confidence ellipse collapses into a line segment. 

Case 5 in Table 5-1, with r=5, and both RA and RB smaller than RR presents 

channeling, where one of the phases flows into a channel of the opposite phase. In this 

case, channeling occurs because phase 1, with a larger flow rate (r=5), has a much 

larger pressure than phase two and flows into a barrier channel of phase 2. In the model, 

this is indicated by a negative flow rate (opposite to the positive-defined direction) in the 

channel where channeling has occurred. The rest of the cases with r=5, have ρ>0.05 

and thus both RCVs and PRM are used to describe maldistribution. The largest 

maldistribution descriptors occur when RA/RR=10 and RB/RR=0.1 (case 6). Case 7 with 

RA/RR=0.1 and RB/RR=10 has the lowest maldistribution with the smallest RCV1 (ρ>0.95 

so RCV2 is not considered). Case 7 is plotted in Fig. 5-2d to f. The distribution profiles 

are similar to the r=1 case although the ranges for each phase are different because of 

the different phase ratio. The flowrates in Fig. 5-2f fall in a straight line (as in Fig. 5-2c) 

for r=5 though the slope of the eigenvector (m=0.113) is different from the inverse of r 

(1/r=0.2). This difference represents the maldistribution of the phase ratio in each main 

channel, as measured by the PRM descriptor. 

Case 8, with high both RA and RB compared to RR has a larger RCV1 but smaller 

PRM than case 7. These conflicting results show that further considerations should be 

taken into account when characterising maldistribution in double manifolds. For both r=1 

and 5, RCV1 is the smallest when RA/RR=0.1 and RB/RR=10. These ratios compare the 
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resistances of sections A and B with R. However, they also indirectly compare the 

resistances between sections A and B: 

RA

RB
=

RA
RR
RB
RR

     (5-1) 

For both flow rate ratios analysed, the lowest RCV1 values are achieved when 

RA/RB is the smallest. This suggests RA/RB describes RCV1 better than the other 

combinations of resistance ratios. Fig. 5-3 presents logarithmic contour plots of RCV1 

and PRM in RA/RB-RB/RR planes for N=5 and r=5. For the whole range of resistance 

ratios plotted, ρ is larger than 0.95 and is increasingly closer to unity as RA/RB decreases 

and RB/RR increases in the range plotted. 
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Figure 5-3 Contour plots of a) log10RCV1 and b) log10PRM in log10-log10 planes of 
RA/RB vs. RB/RR. The double manifold modelled has 5 channels, QA1,1=5x10-6 m3 s-

1, QA2,1=1x10-6 m3 s-1 (r=5). The arrows show the direction of greatest decrease for 
the maldistribution descriptors. 

Results in Fig. 5-3a show RCV1 decreases steeply as RB increases with respect 

to RA. This is shown by both the quasi-vertical contour lines and the arrows. By contrast, 

the ratio between RB and RR has a very limited influence on the behaviour of RCV1. 

Similar results were found for r=1. Furthermore, the model predicts channeling at 

log10(RB/RR)<0.5 for the range of RA/RB plotted, which means that the flow distribution is 

severely disrupted at RB<3RR. Fig. 5-3b presents the log10PRM in the same plane as Fig. 

5-3a. The results show that RB/RR has a stronger influence over PRM than RA/RB. This 



147 
 

is less the case as RA/RB increases, where the arrows and the curvature of the contour 

lines show that both resistance ratios affect PRM. If the arrows of greatest descent in 

both Fig. 5-3a and b are superimposed, they are almost perpendicular to each other. 

This means that the different resistance ratios affect the maldistribution descriptors 

practically independently. RCV1, which is analogous to total flow rate and residence time 

distribution widening, depends mostly on RA/RB. PRM, which is related to flow rate ratio 

distribution, is dependent on RB/RR primarily. 

The current model is compared to the results of the two-phase resistance network 

developed by Al-Rawashdeh et al. [122,123]. These authors suggest channeling occurs 

when the resistivity of the barrier sections is different for each phase and the flow rates 

of the phases are equal [122]. This contrasts with the findings of the current model which 

predicts channeling only for flow rate ratios different to unity and when RB/RR is below a 

threshold value. Regarding flow maldistribution, Al-Rawashdeh’s model used a single 

maldistribution descriptor which decreases as RA/RR decreases and RB/RR increases. In 

contrast, our results show maldistribution is completely characterised with at least two 

descriptors and these descriptors indicate that the residence time and the flow rate ratio 

distributions become narrower as RA/RB is reduced and RB/RR is increased. 

5.3 Effect of hydraulic resistances on the pressure drop and power 

requirements of the double manifold 

The pressure drop in the double manifold and the associated power requirements 

are discussed here for different channel resistance ratios. The equivalent resistance 

(Req) is the resistivity of a single resistor that has the same resistance as the whole 

network. Since a double manifold distributes two phases, this definition is modified and 

two equivalent resistances are defined by Eq. 5-2, one for each phase. 

∆pi = Req,iQi   (i=1, 2) (5-2) 

where Δpi is the pressure drop of the i-th fluid and is numerically equal to the head 

required by the i-th pump and Qi is the total flow rate of the i-th phase. To compute Req,i 
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for each phase, the following points are considered. First, for each phase, only the 

sections where that phase flows affect its Req; this is true as long as there is no 

channeling. Second, and as in the previous discussion, no collection section is included 

in the double manifold. The equivalent resistance for each phase in double manifolds 

with 2 and 3 main channels can be calculated by Eqs. 5-3 and 5-4 respectively. These 

equations show that even for a small number of channels, the calculation of Req,i is 

complex. 

Req,i(N = 2) = RAi +
1

1

(RAi+RBi+RR)
+

1

(RBi+RR)

  (i=1, 2) (5-3) 

Req,i(N = 3) = RAi +
1

1

RAi+
1

1

(RAi+RBi+RR)
+

1

(RBi+RR)

+
1

(RBi+RR)

 (i=1, 2) (5-4) 

However, when RAi<<RBi (necessary for reducing maldistribution) the 

denominator in the second term of the right-hand-side depends only on RBi+RR. An 

approximation can then be made to find the value of Req,i for any number of channels, 

given by: 

Req,i

RR
=

RAi

RBi

RBi

RR
+

RBi
RR

+1

N
    (i=1, 2) (5-5) 

Eq. 5-5 shows that the dimensionless equivalent resistance increases linearly with 

RB/RR. Fig. 5-4 shows plots of Req,i/RR over RA/RB for different channel numbers, N, at 

constant RB/RR both from the exact solutions (Eqs. 5-3 and 5-4) and the approximation 

(Eq. 5-5). As can be seen, the approximation improves as RA/RB decreases. This figure 

also shows that Req,i/RR decreases as N increases. 
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Figure 5-4 Equivalent resistances as a function of RA/RB and N. The dashed lines 
(---) show exact solutions using Eqs. 5-3 and 5-4 and the solid lines show 
approximations using Eq. 5-5. Calculations are for RB/RR=0.1. 

The overall pressure drop for each phase can then be calculated from Eqs. 5-6 

and 5-7 and the total pumping power required from Eq. 5-8. These equations are derived 

using Eqs. 3-15, 3-16, 5-2, and 5-5. 

∆p1

QTRR
=

r

r+1
(
RA1

RB1

RB1

RR
+

RB1
RR

+1

N
)    (5-6) 

∆p2

QTRR
=

1

r+1
(
RA2

RB2

RB2

RR
+

RB2
RR

+1

N
)    (5-7) 

PT

QT
2RR

=
η1r

2

(1+r)2
(
RA1

RB1

RB1

RR
+

RB1
RR

+1

N
) +

η2
(1+r)2

(
RA2

RB2

RB2

RR
+

RB2
RR

+1

N
)  (5-8) 

where PT is the total pumping power required, and ηi is the efficiency of the pumping 

system for the i-th fluid. The right-hand-side of these equations depends on the design 

of the double manifold. Both pressure drops and the power requirement increase linearly 

with RB/RR, while PRM (Fig. 5-3b) decreases with RB/RR. Pressure drop estimates, using 

Eqs. 5-6 and 5-7, can be used to calculate changes in the density if one of the fluids is a 

gas, and be used to asses the validity of the model in Section 3.2.1. A contour plot of 

PT/(QT
2RR) in a log-log plane of RA/RB-RB/RR is presented in Fig. 5-5, for a 5-channel 

manifold operating at a flow rate ratio of 5. The efficiency of both pumps is set to be 80%. 
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Arrows of steepest descent for the dimensionless power requirement are also included. 

Fig. 5-5 is plotted in the same range of resistance ratios as Fig. 5-3 for comparison. Figs. 

5-3b and 5-5 have arrows pointing at opposite directions, showing that a reduction in 

maldistribution is directly associated with increased pressure drop and pumping power 

requirements. The prevalence of the RR factors in Eqs. 5-3 to 5-8 indicates the 

importance of the pressure drop correlation in the main channels for the calculation of 

the pumping requirements. These results show quantitatively for the first time how the 

pumping requirements are linked to the flow maldistribution in a manifold. 

 

Figure 5-5 Contour plot of log10PT/(QT
2RR) in a log10-log10 plane of RA/RB vs. RB/RR. 

The double manifold modelled is symmetrical, has 5 main channels, QA1,1=5x10-6 
m3s-1, QA2,1=1x10-6 m3s-1. The pumping efficiencies are 80%. The arrows show the 
direction of greatest decline for the dimensionless pumping power. 

5.4 Effect of increasing number of channels on flow maldistribution 

The purpose of double manifolds is to increase the throughputs compared to 

single channels. The effects of the number of main channels on flow maldistribution and 

the changes needed in the channel resistances to reduce or keep constant the 

maldistribution during scale-out are considered here. In this section QT,1ch (defined in Eq. 

3-15) is used instead of QT because it is independent of N. 

Fig. 5-6 shows flow rate maps for three cases with 5, 50 and 500 channels. The 

same QT,1ch, flow rate ratio, and resistance ratios are used for all cases. As can be seen, 
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the distributions are highly correlated, with ρ close to unity. As the number of channels 

increases, maldistribution increases with respect to RCV1 but not with respect to PRM. 

The increase in RCV1 with N means that the residence time distribution, therefore, 

becomes wider. RCV1 increases by a factor of 84 and 732 as the number of main 

channels increases from 5 to 50 and 500, respectively. In the 500 channels distributor, 

there is significant maldistribution with several channels having flow rates close to zero. 

PRM, which compares the flow rate ratios in the channels with the inlet flow rate ratio, 

shows the opposite trend to RCV1 as N increases. It decreases by 18% and by 65% 

when N increases from 5 to 50 channels and then from 50 to 500 channels, respectively. 

In all cases, PRM is very small and the flow rate ratios are very similar in all channels 

despite the large maldistribution measured by RCV1. 
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Figure 5-6 Flow rate maps for different number of main channels. For all figures, 
QT,1ch=1.2x10-6 m3 s-1, r=5, RA/RB=10-3, RB/RR=102. In panel a) the axes do not start 
in the origin. 
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Figure 5-7 Maldistribution descriptors as functions of the number of channels for 
representative resistance ratios. For both panels, QT,1ch=1.2x10-6 m3s-1, r=5. Four 
combinations of resistance ratios are plotted; both types of lines (solid and 
dashed) have equal RB/RR values. For all points, ρ is larger than 0.95.  

The effect of resistance ratios on flow maldistribution as the number of channels 

increases was also analysed. Fig. 5-7 presents the logarithmic plots of both 

maldistribution descriptors as functions of N for flow rate ratio equal to 5. These plots 
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present four cases for RA/RB equal to 10-3 or 10-2 and RB/RR equal to 101 or 102. The 

results show that the trends observed for 5 channels (Fig. 5-3) also apply when N is 

further increased. RCV1 depends predominantly on RA/RB while the effect of RB/RR is not 

significant. RCV1 and the flow maldistribution it describes are reduced with reducing 

RA/RB values. In addition, RCV1 increases with the number of channels; the rate of 

increase is high at low N values and is reduced at high N values. This trend can be 

explained by considering the flow rates in the main channels for N=500. In this case, the 

maldistribution is very high and some channels have flow rates very close to zero (Fig. 

5-6c); as a result the increase of RCV1, which is statistical in nature, is not as pronounced 

for large channel numbers. The results for PRM in Fig. 5-7b are also in agreement with 

those of Fig. 5-3b. PRM depends mainly on RB/RR and less on RA/RB. PRM, and thus the 

distribution of flow rate ratios, are reduced when RB/RR is increased. PRM is constant at 

low values of N and reduces to a lower constant value at large values of N. This transition 

is also affected by the channels with zero flow rates at high N values, similar to RCV1 

described above. The value of N at which the PRM transition occurs depends on RA/RB. 

To facilitate the use of the above observations in the design of manifolds with 

many parallel channels, scaling laws are suggested below, based on regression 

analysis. The equations will allow the design of manifolds with channel resistances that 

result in a given flow maldistribution or vice versa. 

The variables investigated in Figs. 5-3 and 5-7 and their ranges are presented in 

Table 5-2. The first case examined is for inlet flow rate ratio equal to 1. The results for 

the whole range analysed have ρ larger than 0.95 and PRM equal to zero. Therefore, 

RCV1 fully describes the maldistribution (Table 3-4). The regression coefficients are 

given in Eq. 5-9. 
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Table 5-2 Variables and their ranges used in the regressions of the 
maldistribution descriptors. One regression is calculated for r=1 and a separate 
regression is made for r>1. 

Variable Range 

Number of channels, N 2 - 500 

RA/RB 10-8 - 10-2 

RB/RR 101 - 107 

Inlet flow rate ratio, r 1, 2 - 8 

 

RCV1 = 0.0688⁡N1.787 (
RA

RB
)
0.894

  (R2=0.981) (5-9) 

RB/RR does not appear in Eq. 5-9 because its p-value in the regression is larger than 

0.05 (p-value=0.62) and it does not affect RCV1 significantly. The exponents for N and 

RA/RB have 95% confidence intervals of ±5.8% and ±4.6%, respectively. Al-Rawashdeh 

et al. [123] presented a similar correlation even though they measured maldistribution 

differently. Their correlation agrees with the results presented here, in that the exponent 

for N is positive and larger than one. 

A second regression is performed for the same variables and the inlet flow rate 

ratio varying between 2 and 8 (Table 5-2). For the range of variables analysed, ρ is larger 

than 0.95. Therefore, the two descriptors, RCV1 and PRM, contain all the statistical 

information needed to describe maldistribution (Table 3-4). Eqs. 5-10 and 5-11 present 

the coefficients for RCV1 and PRM as functions of N, RA/RB, RB/RR, and inlet flow rate 

ratio. 

RCV1 = 0.0583⁡N1.787 (
RA

RB
)
0.894

 (R2=0.981) (5-10) 

PRM = 0.427⁡N−0.1055 (
RA

RB
)
−0.0473

(
RB

RR
)
−0.9954

r1.195 (R2=0.997) (5-11) 

Neither RB/RR nor the inlet flow rate ratio appear in Eq. 5-10 because their p-values are 

larger than 0.05 (0.48 and 0.50, respectively). The 95% confidence intervals of the N and 
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RA/RB exponents in Eq. 44 are ±2.8% and ±2.2%, respectively. Since RCV1 is 

independent of r, the results for one value of r apply for other flow rate ratios within the 

range of r considered in the regression (2≤ r ≤8). In the PRM regression, all the variables 

have p-values below 0.05. N, RA/RB, RB/RR, and r have 95% confidence intervals of 

±17%, ±15%, ±0.71%, and ±5.8%, respectively. 

With respect to RCV1, the regression for the cases where r>1 shows very similar 

results to the r=1 case. The exponents are almost identical and the additional variable, 

the inlet flow rate ratio, has a very minor influence. When the flow rate ratio is larger than 

unity, PRM is different to zero and important for describing maldistribution. The exponent 

of N in Eq. 5-11 is negative and close to zero, which means that the maldistribution does 

not become worse as the number of channels increases. The negative exponents in the 

resistance ratios factors imply that PRM increases as these ratios decrease. The RB/RR 

exponent is 21 times larger than the RA/RB exponent; this confirms that PRM is 

dominated by RB/RR. Additionally, the exponent for RB/RR in Eq. 5-11 is almost -1 while, 

as was discussed, the pumping requirements increase linearly with RB/RR (Eqs. 5-5 to 5-

8). This indicates that maldistribution and pumping requirements are inversely 

associated with each other. The flow rate ratio has the largest exponent in Eq. 5-11, 

which indicates effective flow distribution is harder to achieve the larger the flow rate ratio 

is. 

The equations provide a powerful tool to assess the changes needed in the 

manifold design to maintain good flow distribution when the number of channels is 

increased. Eqs. 5-9 to 5-11 can be used to obtain scaling laws for the resistance ratios. 

This is done by keeping constant the maldistribution descriptor for two different numbers 

of channels, N1 and N2. Eqs. 5-12 and 5-13 are the scaling laws for double manifolds. 

They calculate the changes in the resistance ratios required to maintain the flow 

distribution quality as the number of channels changes, for the same main channel 

resistance (RR) and inlet flow rate ratio (r). The values of the exponents are given in 

Table 5-3 for both cases of r equal to or larger than one. 
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RA(N2) = RA(N1) (
N1

N2
)
X
     (5-12) 

RB(N2) = RB(N1) (
N1

N2
)
Y
     (5-13) 

Table 5-3 Values for the exponents in Eqs. 5-12 to 5-16. The choice of exponents 
depends on the inlet flow rate ratio, r. The uncertainties correspond to 95% 
confidence intervals. 

Flow rate ratio X Y 

r=1 1.998 ± 7.4% 0 

r>1 1.682 ± 3.3% 0.011 ± 210% 

 

The ratio N1/N2 in Eqs. 5-12 and 5-13 is equal to the throughput ratio of manifolds 

with N1 and N2 main channels. RB does not change with the number of channels for r=1. 

The confidence interval for Y when r>1 is large but since the exponent is close to zero, 

it only has a minor effect on the RB(N2) calculation and design. For example, when 100 

times more channels (and throughput) are considered, the uncertainty on the design of 

RB(N2) is around 11%. 

The scaling laws proposed above are applied to the scale-out of the double 

manifolds modelled in Fig. 5-6. The double manifold with 5 main channels has a very low 

degree of maldistribution. However, when the number of channels increased by one or 

two orders of magnitude, the maldistribution worsened. The scale-out in Fig. 5-6 was 

performed by keeping the resistances constant as the number of channels increased. 

With the scaling laws proposed in Eqs. 5-12 and 5-13, the resistances are changed as a 

function of the number of channels and the improved results are shown in Fig. 5-8. The 

resistance ratios for the N=5 case are the same as in Fig. 5-6a, RA/RB=10-3, RB/RR=102. 

The cases with N=50 and 500, have the following resistance ratios: RA/RB=2.08x10-5, 

and 4.33x10-7; RB/RR=97.5, and 95.0, respectively. In all cases, the inlet flow rate ratio is 

5 and QT,1ch is 1.2x10-6 m3s-1. For the three cases in Fig. 5-8, ρ is larger than 0.95 and 

the maldistribution is described by both RCV1 and PRM (Table 3-4). 
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By comparing Figs. 5-6 and 5-8 the improvements achieved with the scaling laws 

are evident. In the case of N=50, when the resistances are not scaled, RCV1 increases 

84 times from N=5; when the resistances are scaled, RCV1 increases by only 12%. This 

is not zero because the Eqs. 5-12 and 5-13 do not fit perfectly the results of the double 

manifold model. Similarly, when N increases from 5 to 500 without the adjustment in 

resistances, the flow is severely maldistributed. In contrast, when the resistances are 

adjusted following Eqs. 5-12 and 5-13, RCV1 for N=500 is only 4.4 times RCV1 for N=5 

(instead of 732 times). The results are very similar for the PRM indicator. These findings 

have implications on the modularity of double manifolds. Modular double manifolds 

designed for large throughputs will be suitable (i.e. will achieve the specified or better 

flow distribution) for lower throughputs while the opposite, a double manifold designed 

for low throughput used in high throughput applications, is not true. It should be noted 

that the improvements in the flow distribution are accompanied by changes in the 

resistances, which affect the pressure drop and power requirements; this is explored in 

the next section. 
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Figure 5-8 Flow rate maps of scaled-out double manifolds using the scaling laws 
in Eqs. 5-12 and 5-13 for QT,1ch=1.2x10-6 m3s-1, r=5. The axes do not start in the 
origin. The resistance ratios are RA/RB=10-3 RB/RR=102 for N=5, RA/RB=2.08x10-5 
RB/RR=97.5 for N=50, and RA/RB=4.33x10-7 RB/RR=95.0 for N=500. 
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5.5 Effect of increasing number of channels on pressure drop and 

power requirements 

The effects of increasing the number of channels on the pressure drop in the 

manifold and the pumping power requirements are investigated here, using the scaling 

laws presented in Eqs. 5-12 and 5-13. The change in pressure drop for either fluid as 

the number of channels increases is given by Eq. 5-14. The change in total pumping 

power with increasing number of channels is given by Eq. 5-15, or Eq. 5-16 for 

symmetrical double manifolds (with identical distributing and barrier sections for phases 

1 and 2). 
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The X and Y exponents are given in Table 5-3. Both the change in pressure drop 

and total pumping power depend on the values of N1 and N2 and not only on their ratio. 

The base case double manifold modelled above in Figs. 5-6 and 5-8 (N1=5, r=5, 

RA/RB=10-3, and RB/RR=102) is used to illustrate how the pressure drop and the pumping 

requirements change as the number of main channels increases using the scaling laws 

given by Eqs. 5-12 and 5-13. As can be seen from Fig. 5-9a, the pressure drop of either 

phase remains almost constant with increasing number of main channels. For example 

for 500 main channels, the pressure drop is 0.95±10% times the pressure drop for 5 

main channels. This shows that a double manifold scaled by keeping the maldistribution 

descriptors constant, also keeps pressure drop constant. 
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The power requirements, however, increase as the number of channels 

increases, as shown in Fig. 5-9b and the change is almost linear. The line of best fit is 

given by Eq. 5-17. 

PT,N2

PT,N1
= 0.2030(N2)0.988  (R2=0.999) (5-17) 

The 95% confidence intervals for the coefficient and exponent in Eq. 5-17 are 

3.8% and 2.3% respectively. Eq. 5-17 is not a generalised scaling law because it is based 

on a specific case; however, it shows that despite the complexity of Eqs. 5-15 and 5-16, 

the pumping power scales almost linearly with the number of channels. 

The almost linear increase of the pumping power with the number of channels 

has cost implications for the scale-out and indicates near-absence of economies of scale. 

Annual pumping costs depend mostly on the energy consumption (>85%) [156]; also, 

pumps have large scaling exponents (~0.9) on capital cost [157]. While the linearity of 

cost curves for the capital investment of microreactor technology had been proposed in 

the literature [103], the linearity of the pumping costs curve has not been shown before. 
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Figure 5-9 Pressure drop and pumping power requirements for scaled-out 
double manifolds obtained using Eqs. 5-14 and 5-16, respectively. The 95% 
confidence intervals lines in red dashed lines are plotted using the confidence 
intervals in Table 5-3. The base case has N1=5, r=5, RA/RB=10-3, and RB/RR=100. 

5.6 Design methodology for two-phase double manifolds 

Based on the previous findings, a general methodology is proposed below for the 

design of double manifolds for incompressible two-phase flows or the mixing of miscible 

incompressible fluids. A general design methodology, including pumps and control 

systems selection, has been given by Zhang et al. [100]. 

1) Single-channel investigations. These studies will reveal key parameters 

such as optimal geometry (channel diameter and length) and flow rates for each phase 
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(QT,1ch and r) to achieve the required conversion and yield (in the case of reactors), and 

a function of the pressure drop with respect to the flow rate of each phase. It will be 

difficult to avoid maldistribution in the scale-out configurations. For this reason, it is 

important that the single-channel studies include a maldistribution sensitivity analysis 

which will show how maldistribution affects key properties, such as conversion, and what 

level of maldistribution parameters (i.e. RCV1, RCV2 and PRM) is acceptable. 

2) Design the double manifold for a required throughput. Eqs. 5-9 to 5-11 

should be used to determine the hydraulic resistances of the distribution and barrier 

sections for values of the maldistribution parameters decided in step 1.  

The coefficients of Eqs. 5-9 to 5-11 are valid if the assumptions made in Sections 3.2.1 

and 3.2.2 are applicable, namely incompressible systems with a linear variation of 

pressure drop with flowrate. Other pressure drop equations can also be used but in this 

case Eq. 3-13 may have to be solved iteratively (see Section 3.2.1.1) and the coefficients 

in Eqs. 5-9 to 5-11 will be different. 

3) Calculate the dimensions (length and diameter) of the distribution, barrier, 

and main channels using the resistances estimated in step 2 and the appropriate 

pressure drop correlation.  

4)  Calculate the pumping and power requirements using Eqs. 5-6 to 5-8. At 

this stage, the trade-off between power requirements and maldistribution parameters 

should be considered; if the power requirements are high, different, less stringent, 

maldistribution coefficients may need to be used in step 2. 
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5.7 Conclusions 

In this chapter, the design of double manifolds (Fig. 5-1) for the scale-out of 

incompressible two-phase processes in small channels is studied. A statistical method, 

derived from principal component analysis (section 3.2.2), was developed to quantify 

maldistribution of both phases in two-phase flow distributors. It showed that two 

descriptors, RCV1 and PRM, are relevant in most cases. The former is a measure of the 

total flow rate and residence time distribution in the main scale-out channels, while the 

latter is a measure of the distribution of the flow rate ratio in the main channels. The flow 

distribution was modelled using a resistance network model for incompressible flows 

(section 3.2.1). In the cases studied, the hydraulic resistances were considered to be 

independent of the flow rates and only depended on the dimensions of the channels. 

The methodology can also be used when the resistances depend on the flowrates, but 

in this case, the network model has to be solved iteratively. 

Using the statistical and the resistance network methods, relationships between 

the design variables and maldistribution descriptors were found (Eqs. 5-9 to 5-11). It was 

shown that RCV1 decreased as the ratio RA/RB decreased. The descriptor PRM 

decreased as RB/RR increased. Scaling laws of the hydraulic resistances for the 

distribution and barrier sections were also obtained which can be used to scale-out 

double manifolds while maintaining the same degree of maldistribution. When the scaling 

laws are applied, the total pressure drop of a double manifold does not change with 

increasing number of channels. The pumping power requirements, however, increase 

linearly with an increasing number of channels and throughput. The trade-off between 

flow maldistribution and power requirements and the implications on economies-of-scale 

were discussed. Based on these results, criteria for the design of double manifolds were 

presented. 
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6 Double manifold prototype and experimentation 

6.1 Introduction 

Following the studies on hydrodynamics and mass transfer in single small 

channel contactors presented in Chapter 4 and the scale-out model and methodology 

presented in Chapter 5, this chapter presents the development and test results of a 

double manifold prototype. Prototyping is a critical step in the development of novel 

equipment. Towler & Sinnott [157] describe how designing, assembling, and testing 

prototypes can help the developers (scientists and engineers) in the following tasks: 

 Validate the design and identify issues that are not noticeable in models or 

calculations. 

 Understand the manufacturing process and highlight features that may affect 

commercial scale manufacturing. 

 Demonstrate features of a design to stakeholders and customers. 

 Command further refinements needed before the final product design is selected. 

Given that the number of channels is a parameter in the model presented in Section 

3.2.1, the double manifold prototype can be designed to be modular with respect to the 

number of channels. This means the nominal throughput can vary over a wide range; 

this stands in stark contrast with some conventional reactor and contactor designs which 

are designed for a given capacity and can only operate within a small range of this value. 

The usefulness of capacity flexibility in one reaction or separation will depend on the 

variability of upstream processes and on the storage available downstream of the 

modular process. This change of paradigm equips the process industries with a new tool 

to address current and future problems.  

This chapter first presents an analysis and selection of design and operation 

parameters for U(VI) extraction that will be used as the benchmark for the scale-out with 

the double manifolds. In particular, the maldistribution tolerances are selected in terms 

of total flow and phase ratio, considering the effect of maldistribution on extraction 

efficiency. Later on, the double manifold design methodology presented in Chapter 5 is 
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applied, using the known pressure drop behaviour (section 4.3), and its dimensions are 

calculated. Additional considerations for the commissioning of the prototype are 

considered, including entrance effects, start-up procedure, and material selection. The 

double manifold prototype is then tested with an inert two-phase system to assess flow 

distribution and with an acid-base multiphase reaction to assess the overall success of 

the design and commissioning techniques developed. 

6.2 Design parameters and trade-offs of small-channel contactors 

for U(VI) extraction 

Following the results in Chapter 4, an equation to determine the required length 

of a contactor to achieve a given extraction efficiency (Eff) is presented in Eq. 6-1. 

L

d
= τ

umix

d
=

εaq

(a×d)

umix

Kaq
ln (

1

1−Eff
) =

εaq

(a×d)

Peaq

Shaq
ln (

1

1−Eff
)  (6-1) 

where Shaq(=Kaqd/DU|w) and Peaq(=dumix/DU|w) are the Sherwood and Peclet numbers 

defined for the aqueous (dispersed) phase. Eq. 6-1 is derived from Eq. 4-20 and the 

definition of the dimensionless numbers. 

In order to use Eq. 6-1 for contactor design, the values of εaq, a, Peaq, and Shaq 

must be known or estimated. For the water-TBP and water-TBP 30% v/v in kerosene 

systems, the models in section 4.2 can be used to calculate εaq and a, the results in 

section 4.4 can be used to calculate umix/Kaq (or, equivalently, Peaq/Shaq). The term 

εaq/(a×d) depends on the film thickness and the plug length (Eqs. 4-6 and 4-9). In terms 

of operation and design variables, it depends strongly on Qc/QT, and weakly on Cac, 

μd/μc, and Rec/Cac (Eqs. 4-10 and 4-11). The value of Qc/QT is selected based on 

equilibrium reasons, rather than hydrodynamic ones. The term Peaq/Shaq, far from the 

inlet can be computed from the results in Table 4-4 and Fig. 4-14 for the cases tested in 

Chapter 4. As discussed in section 4.4.2, changes in the extractant concentration and in 

the flow rate ratio do not affect the Kaq (and thus the umix/Kaq=Peaq/Shaq) significantly. Peaq 

depends on the channel diameter and umix, therefore, Peaq is the main factor that can be 

changed to alter L/d in the right-hand side of Eq. 6-1.  
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The dependence of Shaq with respect to Peaq has to be further studied 

experimentally. As reviewed in section 2.4.1, Levich developed a model to quantify the 

convective flux across the interface of a moving drop [87] and determined that Shaq is 

proportional to Peaq
0.5 (Eq. 2-13). The experimental results in Table 4-4 (umix=1.06 and 

4.24 cm s-1), via regression analysis, indicate the best exponent for the Shaq-Peaq 

dependence is 0.73 with a 1-σ range between 0.48 and 0.98. According to the Final Kaq 

numerical result (Fig. 4-14), for the same conditions, the exponent should be 0.24. 

Therefore, the exponent proposed by Levich is approximately valid. 

The logarithmic dependence of L/d on (1-Eff) in Eq. 6-1 means that the L/d 

needed to achieve 99%Eff is double that of 90%Eff; and L/d for 99.99%Eff is double that 

of 99%Eff. Table 6-1 shows, for the cases in Table 4-4 and two additional ones, the 

contactor length needed to achieve %Eff of 50% and 99%. These results show that the 

factor εaq/(a×d) varies very little across the cases and thus the main factor is Peaq/Shaq. 

This factor ranges from 319 (for the d=1 mm case) up to 652 (for the umix=4.24 cm s-1 

case). The length needed for 50% extraction efficiency is included in Table 6-1 because 

that is approximately the extraction efficiency observed after a few seconds of residence 

time in the channel and could be attributed to the inlet section (section 4.1.1, Figs. 4-7, 

4-9, and 4-10). The Shaq for the d=1 mm and d= 4 mm are estimated using the model by 

Levich [87].  
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Table 6-1 Lengths required to achieve extraction efficiencies of 50% and 99% and 
the corresponding factors of Eq. 6-1. The factor εaq/(a×d) is calculated using 
imaging results (Chapter 4) and the film thickness calculated with Eq. 4-7. Shaq is 
calculated assuming DU|w=10-9 m2 s-1 and the experimental Kaq results in Table 4-
4, except for the d=1 mm and d=4 mm cases. For every case, all variables are the 
same as the base case, except for the stated change.  

Case εaq/(a×d) 
Peaq / 

104 
Shaq Peaq/Shaq 

LEff=50% / 

m 

LEff=99% / 

m 

Base case 

(d=2 mm, umix=1.06 cm s-1, 

TBP 30%, Qc/QT=0.5) 

0.21 2.12 47.0 451 0.13 0.86 

umix=4.24 cm s-1 0.18 8.48 130 652 0.17 1.1 

TBP 100% 0.20 2.12 43.6 486 0.13 0.89 

Qc/QT=0.333 0.22 2.12 48.6 436 0.13 0.88 

Qc/QT=0.250 0.23 2.12 49.2 431 0.14 0.93 

d=1 mm 0.17 1.06 33 + 319 0.038 0.25 

d=4 mm 0.21 4.24 66 + 638 0.37 2.45 

+ These values of Shaq are obtained using the base case and assuming Shaq is 
proportional to Peaq

0.5. 

In Fig. 6-1, L is plotted against Eff for the base, high umix, d=1 mm and d=4 mm 

cases. This figure shows the fast increase of the contactor length required to achieve 

high extraction efficiencies. A notable case is the difference between the high umix and 

the d=4 mm cases; both have similar εaq/(a×d) and Peaq/Shaq factors so both have similar 

L/d values for any given Eff. However, once L/d is multiplied by the diameter, there is a 

large difference in the lengths required for these two cases. The d=4 mm case requires 

long contactors which can be a significant expenditure in some cases, as will be 

discussed further below. 
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Figure 6-1 Contactor length against extraction efficiency for four of the cases in 
Table 6-1. 

In order to design a small-channel contactor, the trade-offs between key design 

and operational variables must be well understood and clearly described. As discussed 

above, two crucial parameters are the mixture velocity and the channel diameter. Table 

6-2 presents the effects that umix and d have on important variables such as the contactor 

length and residence time (LEff, τEff) required to achieve certain extraction efficiency, the 

required number of channels to achieve a certain throughput, and the pressure drop 

across a single contactor channel of length LEff (ΔpEff). These relationships are presented 

as exponents of dependence where a power-law relationship is assumed and is valid for 

the range of conditions shown in Table 4-2. Appendix 4 includes details on how these 

exponents are determined. 

Table 6-2 Exponents of dependence between mixture velocity and channel 
diameter with main channel length and residence time for a given %Eff, number 
of main channels for a given throughput, and pressure drop for a given %Eff. 

 umix d 

Contactor length (LEff) 1/2 3/2 

Residence time (τEff) -1/2 3/2 

Number of main channels (N) -1 -2 

Pressure drop (ΔpEff) 3/2 -1/2 
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The exponents of dependence in Table 6-2 show there are trade-offs to consider when 

selecting design parameters and operation set-points. In terms of mixture velocity, 

operating at high umix (in comparison to a base case) would require longer contactors but 

shorter residence time in order to achieve certain extraction efficiency. A contactor using 

a high umix would require fewer parallel channels but would have a higher pressure drop. 

In terms of channel diameter, using a larger diameter in comparison with a smaller 

diameter would require longer contactors with correspondingly longer residence time. In 

contrast, a design with a larger diameter would require fewer channels with a squared 

correlation, the largest exponent in Table 6-2. The pressure drop required is also smaller 

with contactors of larger diameters. 

In terms of costs, fewer channels resulting from higher umix represent CAPEX savings, 

shorter residence times represent OPEX saving from solvent replacement due to 

radiolysis, and higher pressure drop represents higher CAPEX due to larger pumps 

being required and higher OPEX due to pumping energy costs. Furthermore, larger 

channel diameter represents higher CAPEX and OPEX due to longer channels and 

longer residence times, respectively. Fewer channels and lower pressure drop mean 

lower CAPEX and, for the pumping power expenditure, lower OPEX.  

Table 6-2 clearly highlights the most important trade-offs to consider when designing 

multiphase small-channel contactors. The selection of the parameters will depend on a 

case-to-case basis considering the system and costs in hand. The most critical aspect 

to consider in the design of scaled-out small channel contactors is possibly the number 

of channels because this aspect is the least understood and developed one. 

6.3 Application of the design methodology of double manifolds for 

mass transfer applications 

This section considers the two-phase flow distributor design method presented 

in Chapter 5 to define the dimensions of a double manifold prototype. The final design 
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method is described in Fig. 6-2 in the form of a flow chart. The process can be divided 

into three stages, namely, input and selection, flow distribution calculations, and 

compliance & feasibility. In the inputs & selection stage, all the external information about 

the two-phase flow hydrodynamics, mass transfer and required process throughput are 

collated. In the flow distribution calculations stage the resistance matrix and the flow 

distribution are calculated, as described in section 3.2.1. Finally, the compliance and 

feasibility stage comprises a series of checks and, in some cases, revisions to ensure 

the double manifold is able to carry out the required separation. 

The first step in the input and selection stage is to collect the physical properties 

of the fluids to be used as these properties, in particular, the viscosities are needed for 

the hydraulic resistance calculations. Next, the main channel nominal conditions, i.e. 

length, diameter, and flow rate for each phase, are selected. The acceptable tolerance 

of flow rate deviation for each phase from the nominal values are needed next 

(maldistribution tolerance, MT); these tolerances can be given in any form, including as 

maximum deviation of the flow rate of each phase or total flow rate and flow rate ratio 

deviations. Initially, the tolerances can be selected to be very tight and can be adjusted 

in subsequent iterations; when MTs are selected and revised, the flow pattern map 

should be considered in order to ensure all the main section channels will operate under 

the same flow pattern. The number of main section channels (N) is then selected 

depending on the desired throughput. As discussed in Chapter 5, a double manifold 

designed for a large N will provide a flow distribution inside the tolerance for distributors 

with a smaller number of channels; however, for a larger number of channels, the 

maldistribution will be higher than the tolerance. The next step is to select the 

dimensions, i.e. diameters and lengths, of the distribution and barrier sections channels. 

The initial values of these dimensions, for varying values of N, could be obtained from 

the values of RA and RB in Fig. 5-8 or other examples of effective double manifolds, like 

the one presented below in section 6.4. 
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The flow distribution calculations stage begins with the calculation of the hydraulic 

resistances of the A and B sections given their dimensions. Since these sections only 

have single-phase flows, the Hagen-Poisseuille equation (Eq. 3-14) can be used, 

however, it is important to verify that the Reynolds numbers in the channels are low 

enough to have laminar flow and, if the channels are vertically-oriented, that the effect of 

gravity can either be neglected or it has to be considered. Next, the steps to calculate Q 

(Eq. 3-13) are described. These steps differ from the method described in Chapter 5 

because RR is not assumed to be independent of the flow rate. An initial estimate is 

obtained in two steps. First a perfect distribution is assumed (Qideal) simply by dividing 

the flow rate for each phase and the total flow rate by N. Qideal is then used to calculate 

RR,j using the selected segmented flow pressure drop model and subsequently, RR,j is 

used to calculate the flow rate vector using Eq. 3-13 and the result is called Q#. This 

result is then used as the initial estimate in an iterative procedure where the difference 

is compared to a tolerance and when the difference is below the tolerance, the Q 

calculated is the resulting flow distribution. 

The final stage, compliance and feasibility, starts by checking the resulting flow 

distribution, given by Q and its metrics (maldistribution descriptors, MD), against the 

maldistribution tolerance. If the distribution is not within the tolerance, the dimensions of 

the distribution and barrier sections should be changed. Fig. 5-3, which shows the 

relationship between resistances and maldistribution, can be used to guide these 

changes. If the total flow rate is the main issue, changes in the relative hydraulic 

resistances of the A and B sections will be needed; otherwise, if the main issue is the 

flow rate ratio, the B section should be changed without changing RA/RB. If the distribution 

is indeed within the tolerance, the next step is to calculate the power and pumping 

requirements, as described in section 5.3. It may be the case that the design considered 

achieves a good flow distribution but the pumping costs are prohibitively high; in this 

case, it may be necessary to relax the maldistribution tolerances in order to achieve a 

pragmatic and practical design. A significant amount of detail (e.g. pump and motor 
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costs, electricity costs) may be needed in order to know if the pumping requirements are 

too high but it is an important trade-off that needs to be considered. In general, this stage 

can be performed automatically with an optimisation routine but special attention should 

be put to verify that the models used (Hagen-Poisseuille and the selected two-phase 

pressure drop) apply for the conditions being considered. 

 

Figure 6-2 Flow chart showing the sequence of inputs, calculations, and decisions 
needed to design a double manifold using the resistance network model and a 
non-linear pressure drop model in the main section. 

The method described in Fig. 6-2 is used to design a double manifold prototype. 

The main channels in the prototype are selected to be 2 mm internal diameter and 60 

cm length, which would allow for high %Eff to be achieved in a wide range of cases. The 

same fluids and range of flow rates as in Chapter 4 will be considered. The plug and unit 
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length correlations and the pressure drop model presented in Eqs. 4-1, 4-3, 4-16 will be 

used. The maldistribution tolerances are taken as 1% deviation from the nominal total 

flow rate and flow rate ratio. The design will be based on a scale-out of 100 parallel 

channels. The calculations are implemented using Matlab. The design methodology is 

implemented using the flow chart in Fig. 6-2 and the set of requirements discussed in 

the previous paragraph. The fluid properties of TBP 30% and water (saturated with TBP 

30%) are used because the models in Chapter 4 were obtained with these fluids. For 

different liquids, the pressure drop model would need to be checked. Alternatively, 

correlations available in the literature (e.g Kreutzer et al. [89], Jovanovic et al. [97], Mac 

Giolla Eain et al. [98]) can be used. The flow distribution is initially simulated with the 

diameter and length of the distribution section as 10 mm and 50 mm, respectively. The 

barrier section has a diameter of 1 mm and a length of 120 mm. These dimensions are 

selected to have high RB/RR and low RA/RB ratios (Fig 5-3) and tubes with these 

diameters are available commercially. The tolerance to find the flow rate distribution 

using the Matlab function ‘fsolve’ is set to 10-12. The solution converges after 13 steps 

and is shown in Fig. 6-3 a. This distribution does not satisfy the specified maldistribution 

tolerance in terms of flow rate ratio. The next step is to change the diameter of the barrier 

section to 0.5 mm, which increases the RB by a factor of 16. This diameter is selected as 

it is the next smaller commercially available. The distribution to this geometry is obtained 

again and the convergence is faster, only two steps. The distribution is shown in Fig. 6-

3 b. This case satisfies both maldistribution requirements. The pumping power is 

interestingly reduced, even though the diameter of the barrier section is decreased while 

the total flow rate and the rest of the geometry remained constant. The reason for this is 

the fact that there are fewer reaction channels with high flow rates (deviating from the 

nominal one), which cause high pressure drops (and their corresponding non-linear 

pressure drop).  

An extra step is done, increasing the diameter of the distribution section to 20 

mm, in order to further improve the flow distribution. Similarly to the barrier case, this 
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diameter is available commercially. The solution converges after 1 step as the Q# 

distribution is very similar to the final result, even with the tight tolerance used. As shown 

in Fig. 6-3 c, the distribution is much better and the pumping power requirement is 

unchanged. The latter effect is because the distribution section has a lower pressure 

drop than the barrier channels. The dimensions of the last double manifold simulation 

are used to commission a prototype, as described in the following section. 
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Figure 6-3 Flow distributions for double manifolds using the models in Chapter 4 
and the flow chart in Fig. 6-2. Fluid 1 is the organic phase (TBP 30% v/v with 
kerosene) and fluid 2 is water. In all cases, the geometries are LR=600 mm, dR=2 
mm, LA=50 mm, and LB=120 mm. In a), dA and dB are 10 and 1 mm. In b), dA and dB 
are 10 and 0.5 mm. In c), dA and dB are 20 and 0.5 mm. 
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The procedure followed to achieve the final geometry and distribution in Fig. 6-3 

c is partially trial-and-error as well as using Fig. 5-3 to inform how to improve the 

distribution. This procedure could be performed automatically by finding an optimal 

double manifold geometry, however, the objective function would require additional 

information (e.g. costing) which is unavailable at the prototyping stage. At this stage, this 

procedure yields the best results with the simplest procedure. 

6.4 Design and commissioning of a modular double manifold 

prototype 

The method followed in section 6.3 gives, as a result, a set of dimensions for the 

double manifold. However, additional issues need to be considered for the final design 

and commissioning of the double manifold prototype, which are discussed here. The 

prototype was partly made in the High Precision Design & Fabrication Facility at the UCL 

Engineering Faculty. The double manifold design should also be modular and allow easy 

start-up. 

In order for the prototype to be modular, the distribution section must be 

expandable. One option would be to add shut-off valves along the distribution sections 

to allow or shut the flow along the distribution channels. This approach can be expensive 

as the distribution section has a large diameter and several valves would be needed; the 

equipment would then have a large footprint regardless of the throughput. The approach 

selected here is to make the prototype modular by dividing the distribution section into 

5-main channel subsections, connected with flanges. The advantage of the flanges is 

that there is no disruption in the internal diameter. One disadvantage is that the flanges 

take up some space. Since the distance between outlets in the distribution section should 

be constant, irrespective of the presence of flanges, the shortest distance between 

distribution section outlets is limited by the flange size. A schematic and photographs of 

the flange connections are presented in detail in Fig. 6-4 b. All the connections have 

threads for 1/4-28 flat bottom fittings, as shown in Fig 6-4 b ii. 
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Figure 6-4 Details and features of the distribution section of the double manifold 
prototype. The inlet and part of the inlet section are shown in a). The flange 
connections used to make the prototype modular and the detail of the barrier 
outlets are presented in b). The end-port, opposite to the inlet, used in the fill-up 
procedure is presented in c) 

Fill-up refers to the step after the double manifold is assembled, when each 

section is filled with the respective liquid displacing the air present. To avoid entrainment 

of one liquid into the barrier or distribution sections of the other liquid, shut-off valves are 
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added in the barrier sections. The pressure drop when the valve is open should be 

included for in the barrier section hydraulic resistance; the valve when open should 

preferably have approximately the same internal diameter as the barrier channels. The 

shut-off valves used were supplied by IDEX (part number P-782) (Fig. 6-5 b). The air 

displacement in the distribution sections is also a challenge. A large fraction of the air 

can be displaced from each distribution section through the barrier channels and then 

through the main channels. However, some air would remain in the distribution section. 

To remove the trapped air, an extra port was added at the end of the distribution sections, 

opposite to the inlet (Fig. 6-4 c). This port is kept open during the fill-up procedure and 

for the last few bubbles of air, the double manifold was physically tilted to allow the air to 

be displaced. To avoid tilting the manifold, the extra port could be placed facing upward; 

this is suggested as a feature of future design iterations. In this additional port, a 

pressure-relief valve could also be installed. In the design stage detailed here, such 

feature was not necessary as the experiments were closely observed and each test had 

a short duration. 
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Figure 6-5 Distribution section and operating double manifold. One distribution 
section, including the entrance section, is presented in a). The double manifold in 
operation, with the shut-off valves open, is shown in b). Front view of the 
distribution sections are depicted in c). 

The start-up procedure refers to the series of steps that must be followed from 

the fill-up stage up to the time when the contactor has reached steady-state. To the best 

of the author’s knowledge, there is no mention in the available literature on how to 

perform the start-up procedure of multiphase, multi-channel contactors. Initially, the 

distribution and barrier sections are filled-up with their corresponding liquids, the valves 

in the barrier sections are shut-off and the pumps are off. The first step is to start the 

pumps and set the flow rate to 1/N times the required flow rate for each phase. Then, 

the barrier valve furthest away from the inlet is opened for one liquid and then the other 

liquid. This step should last until the segmented flow pattern is established in the main 

channel further away from the inlet. The next step is to increase the pumps flow rates by 

increasing the flow rates by 1/N of the objective flow rates. The next furthest valves are 

opened for each liquid and the step lasts until segmented flow is established in the 
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second channel as well. The procedure is repeated until all the valves are open and the 

main channels are operating in slug flow. This start-up procedure was developed 

experimentally; it was found that opening the furthest channel from the inlet was 

necessary to achieve segmented flow in all main channels. Other methods, such as 

opening the valves closest to the inlet first, were tried and were found to be ineffective. 

The materials selected for each section depended on the purpose of each 

section. The main section channels are made of FEP, as in the experiments in Chapter 

4, since they allow visual access to the flow pattern, important for the tests with the 

prototype. The main disadvantage is their flexibility and need of support to keep them 

straight; in fact, the channels retained some curvature from their packaging and some 

differences in the pressure drop will be due to this. This is an important characteristic 

that needs to be considered in further prototype iterations. For the barrier section, 

stainless steel is used as these tubes have high reliability in their dimensions. 

Furthermore, their rigidity allows for an easier assembly and more reliable pressure drop 

calculations than similar plastic tubes. Finally, the distribution section was made of 

Poly(methyl methacrylate) (PMMA) because it is transparent, rigid and a suitable 

material for the dimensions needed. These tubes are available at specific internal 

diameters and the design had to consider this. After the distribution sections were 

finished, as shown schematically in Fig. 6-4 a and c, they were thermally treated to 

remove stresses and improve their durability. The final prototype is shown assembled in 

Fig. 6-5 b. The final dimensions and the materials used are presented in Table 6-3. The 

factor L/d4 is included for reference as this factor appears in the hydraulic resistance 

calculation (Eq. 3-14). 
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Table 6-3 Description of the materials and dimensions used for the three 
sections of the double manifold prototype. The final column is included because 
the L/d4 factor is part of the hydraulic resistance calculation. 

Section Material 

Internal 

diameter (d) 

/ mm 

Length (L) 

/ mm 

L/d4 

/ mm-3 

Distribution (A) 

Poly(methyl 

methacrylate) 

(PMMA) 

20 50 3.1×10-4 

Barrier (B) Stainless steel 0.5 120 1.9×103 

Main (R) FEP 2 600 3.7×101 

 

An additional feature included in the double manifold prototype is an entrance 

section that allows a parabolic velocity profile to develop between the inlet from the pump 

and the first barrier outlet. The entrance length, (Le), required to achieve the parabolic 

profile in laminar flows is given by [88]: 

Le

d
= 0.035⁡Re     (6-1) 

The entrance length depends on the total flow rate of each liquid. For the prototype, the 

entrance section is 240 mm long and the distance from the entrance to the first barrier 

section is 270 mm. With the dimensions above, the largest Reynolds number the current 

design can accommodate is 386. Taking water at room temperature as an example, the 

largest flow rate this design can work with is 364 ml/min. The entrance section is depicted 

in Figs. 6-4 a and 6-5 a and c. 
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6.5 Experimental flow distribution performance of modular double 

manifold 

The double manifold prototype, depicted in Figs. 6-4 and 6-5, was used to 

distribute a water and kerosene two-phase flow into 5 and 10 channels; three flow rate 

ratios were used in the tests while the total flow rate was kept constant. The results of 

the flow distribution are presented in this section while the results on mass transfer are 

presented in the next section. The water-kerosene fluid pair has different properties to 

the water-TBP 30% pair. The coefficients for the models in Chapter 4 are not known for 

the water-kerosene pair so the distribution cannot be predicted as in Fig. 6-3. However, 

the same equations were used to avoid repeating the experiments with large amounts of 

TBP. 

The flow distribution is assessed by measuring the volume rate of each phase at 

each of the main channel outlets. Both these measurements take place after the start-

up procedure is completed and a steady-state flow in all the channels is achieved. 

In Fig. 6-6, the flow distribution of the tests are shown for 5 channels, total flow 

rate per channel of 2 ml min-1 and flow rate ratios (Qw/Qo) of 1, 2, and 3. The plots include 

the point of perfect distribution, the results of three tests under the same conditions, the 

confidence ellipse (plotted using the average angle (Eq. 3-24) and the axes lengths (Eqs. 

3-28, 3-29)) and average maldistribution metrics (Eqs. 3-26, 3-27) for the three tests. 

Similar results are presented in Fig. 6-7 for tests with 10 channels and the same nominal 

flow rates per main channel as in Fig. 6-6. 
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Figure 6-6 Experimental flow distribution results for double manifolds with 5 
channels. The point of perfect distribution is shown in all cases and is the centre 
of the confidence ellipses. The square, circle and star symbols represent the 
measurements for each test. The maldistribution descriptors (RCV1, RCV2, PRM) 
presented are the mean values for the three tests. The ellipse angle and axes 
lengths are also the mean values for the three tests.  
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Figure 6-7 Experimental flow distribution results for double manifolds with 10 
channels. The point of perfect distribution is shown in all cases and is the centre 
of the confidence ellipses. The square, circle and star symbols represent the 
measurements for each test. The maldistribution descriptors (RCV1, RCV2, PRM) 
presented are the mean values for the three tests. The ellipse angle and axes 
lengths are also the mean values for the three tests. 
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The three tests conducted for all cases are relatively consistent and no outliers are 

present (i.e. all the channels showed segmented flow). The distribution metrics are larger 

than the resistance ratios would predict and are not within the tolerances set in the 

previous section. However, it should be noted that more tests would result in slightly 

different confidence ellipses and maldistribution descriptors. The increase of the 

aqueous to organic flow rate ratio on the configuration with 5 channels is to decrease 

RCV1 while RCV2 increases; this means the ellipse becomes rounder, which is clear Fig. 

6-6. This effect is not so noticeable with the 10 channels configuration. The PRM does 

not appear to follow a trend in either configuration. The effect of the number of channels 

is also not very clear. The RCV1, for r=1, decreases by a factor of 1.9 when 10 channels 

are used instead of 5, while for r=3, the RCV1 is practically the same. The PRM is 

consistently closer to zero in the N=5 cases than the N=10 cases for each case. Even 

though the flow maldistribution is constrained around the perfect distribution points, as 

expected, the results in Figs. 6-6 and 6-7 indicate that the experimental flow distribution 

deviates from the model predictions. These deviations are to be expected because the 

model does not consider some flow aspects. These include the differences between the 

main channels (as they are slightly curved because they are made from FEP), the 

pressure drops not considered in the resistance network (for example in bends or 

expansions) and fabrication tolerances. However, all the flow rates are centred very 

close to the perfect distribution points and the results are consistent between tests. 

These results show that the double manifold prototype can be used successfully 

and with a high degree of consistency to distribute two liquids into the main channels. 

The flow distribution is affected by the imperfections in the prototype but these results 

serve as a proof that this prototype and the method used to develop it can lead to a viable 

product without major changes.  

6.6 Scaled-out reactive extraction using a modular double manifold 

The test system selected to show the effectiveness of the prototype for mass 

transfer applications is a reactive extraction system consisting of an aqueous phase with 
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potassium hydroxide (KOH) and phenolphthalein (In, pKa
In=9.7 in water [158]) as 

indicator, and an organic phase consisting of kerosene and acetic acid (AcOH, 

pKa
AcOH=4.756 in water [158]). At the inlet, the aqueous phase has a high pH (pHinlet=12) 

and is bright pink (pHinlet>pKa
In). When the two phases meet and flow in a segmented 

flow pattern, the acetic acid is transported from the organic phase to the aqueous phase 

where it dissociates (pHinlet>pKa
AcOH). The H+ ions from the acetic acid dissociation 

neutralise some of the OH- ions and the pH decreases. When the pH is at or slightly 

below pKa
In, the aqueous phase loses its colour because the phenolphthalein is 

colourless in these conditions. The evolution of the colour along a channel is shown 

schematically in Fig. 6-8. Similar acid-base-indicator systems have been used before to 

study liquid-liquid mass transfer in microfluidic devices [153,159–163]. 

 

Figure 6-8 Schematic of in-flow reactive extraction of acetic acid (AcOH) in the 
organic (continuous) phase to the alkaline aqueous (dispersed) phase and the 
consequent colour change of the phenolphthalein indicator (In2- to H2In). 

In the current case, the acid-base-indicator system is used to assess how the imperfect 

flow distribution affects the mass transfer in each channel. The differences among the 

parallel channels with respect to the total flow rate and the ratio of the phases determine 

the distribution of the positions in the main channels where the aqueous phase becomes 

transparent. Photographs of the double manifold prototype in operation, assembled for 

10 channels, using the acid-base indicator system are presented in Fig. 6-9.  
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Figure 6-9 Photographs of the double manifold prototype with 10 channels 
operating using the acid-base-indicator system. In a) the change of colour is 
noticeable along the channel length. In b) the detail of the tubing-fitting 
connections and drop characteristics are shown. 

The distribution of the positions (measured from the tee-junction) where the 

aqueous phase becomes transparent is used to assess the effectiveness of the double 

manifold prototype. The properties of both liquid phases used in this section are very 

similar to ones in the previous section so the flow distribution in sections 6.5 and 6.6 are 

expected to be comparable. Fig. 6-10 presents the results of 4 experimental conditions, 

each tested twice. The 4 experimental conditions correspond to two flow rates (QT,1ch=1 

and 1.5 ml min-1) and two main channel numbers (5 and 10 channels). In all cases the 
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inlet flow rate ratio 1. Each graph represents one test, each mark represents the length 

measured for each channel from the T-junction, the mean is shown as the middle bar 

and the standard deviation is shown with the top and bottom bars. The coefficient of 

variation for each test is also shown in the graphs.  

 

Figure 6-10 Distance from the tee-junction where the aqueous phase becomes 
colourless in the acid-base-indicator reactive extraction experiments. The bars 
represent the means and standard deviations. a) presents the case N=5, QT,1ch=1 
ml min-1. b) presents the case N=5, QT,1ch=1.5 ml min-1. c) presents the case N=10, 
QT,1ch=1 ml min-1. d) presents the case N=10, QT,1ch=1.5 ml min-1. Note the y-axis 
starts at 15 cm. 

The results in Fig. 6-10 show that the aqueous phase becomes colourless at 

similar positions in all cases tested. Increasing the total flow rate by a factor of 1.5 

increases the length from the tee-junction where the aqueous phase becomes colourless 

by approximately a factor of 1.3. This has a close correspondence to the predicted value 

using the exponents of dependence (Table 6-2). The exponent of dependence for umix is 

0.5 so the predicted factor would be (1.50.5=)1.22. The variation of the distance among 

the channels is different for each test but there are two trends, one for each experimental 
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variable. In terms of flow rate, the tests with higher flow rate have a higher CV, except 

for test 1 in Fig. 6-10 c. This indicates there may be an effect but it is possibly weak. In 

terms of the number of channels, the tests with a larger number of channels have a 

higher CV, with no exception, which indicates the effect is possibly stronger. The higher 

CV for the cases with more channels is to be expected according to the double manifolds 

model (Eqs. 5-9 and 5-10). 

As mentioned in the previous section, these results correspond to prototype tests 

and should only be used to partially assess quantitatively and demonstrate the 

capabilities of the design, rather than characteristic or nominal values for the design. 

Even considering this, it is necessary to determine if the results in Fig. 6-10 show that 

the prototype is a viable option. The challenge is that there is no clear benchmark to 

assess these results. One option is to compare the distribution of the lengths with the 

residence time distribution (RTD) of ideal reactors. The measured variances (square of 

the CVs) are comparable to the variance of the RTD because these contactors operate 

under segmented flow and the phase of interest is the dispersed phase so the behaviour 

is expected to be similar to that of plug flow reactors (PFRs). The variance of the RTD of 

single-phase CSTRs is 1 while that of single-phase PFRs is 0 [164]. The average 

variance (average of the square of the CVs) for the results in Fig. 6-10 is 6.2×10-3. 

Clearly, the measured variance is very close to the RTD variance of an ideal plug flow 

reactor. While further studies are required, these results with up to 10 channels and low 

CVs show there is significant potential for this type of contactor. 

The results presented here show this scale-out approach and the double manifold 

prototype are suitable to scale-out relatively simple solvent extraction and acid-base 

solvent extraction processes. Nevertheless, additional research is needed to determine 

if this approach and might be acceptable to other, more complex, reactive liquid-liquid 

processes. In processes where selectivity is important, because there may be parallel or 

consecutive reactions happening, the sensitivity to flow maldistribution may be amplified. 

These systems, however, may actually be the main candidates to be scaled-up using a 
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double manifold since the route towards very narrow flow distributions (and also 

residence time distributions) is made clear in the methodology developed here (e.g. Fig. 

6-2).  

6.7 Conclusions 

This chapter presents the design and testing of a double manifold prototype for 

two-phase flows based on the findings of Chapters 3 to 5. The mass transfer results in 

Chapter 4 are used to determine the dimensions of the main channels and the trade-offs 

to consider when selecting design and operational variables. Furthermore, the design 

method initially developed in Chapter 5 is applied for the case of a known segmented 

flow pressure drop model. This results in a set of dimensions for the double manifold 

sections but these dimensions do not consider additional restrictions that come from 

building the prototype, such as using commercially available tubing, the need of an 

entrance length and the specification of fill-up and start-up procedures. Commissioning 

restrictions are discussed along with the start-up procedures and the materials and final 

dimensions are presented. The prototype is tested, both in terms of flow distribution and 

for mass transfer. These results serve as a proof-of-concept of the design method 

described at the end of Chapter 5. 

There are two main findings from the work in this chapter. First, the resistance 

network model developed in Chapter 3, applied numerically and used to derive the 

design method in Chapter 5 is robust, as shown by the results in sections 6.5 and 6.6. 

This design method can be further refined, as described in Chapter 5, to include other 

types of resistances, such as bends, expansions, contractions, and junction effects. 

However, the model as used here, captures most of the effects and proved successful 

when used to design, commission and test a double manifold. These refinements should 

be considered in further prototype iterations. The second point is that the double manifold 

prototype presented here surpasses all the previous attempts in the literature to scale-

out a two-phase system in segmented flow (reviewed in section 2.7). The scale of the 

tests performed here and the embedded modularity feature ensure this design can have 
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a significant commercial impact in a relatively short time frame. Further 

commercialisation remarks are included in Chapter 7. 
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7 Conclusions and future work 

7.1 Conclusions 

This chapter provides an overview of the findings in this thesis and draws 

conclusions on the research questions addressed in Chapters 4 to 6. The research 

objectives, outlined in section 1.3, are used to guide the discussion. 

The first objective is to review and expand the literature on liquid-liquid small-

channel flows for separations. The relevant literature is reviewed in Chapter 2 and 

mentions important industrial applications of liquid-liquid processes and key parameters 

to consider in their design and operation. In particular processes, the hydrodynamics and 

mass transfer in processes under the segmented flow pattern are discussed in detail. 

Chapter 2 ends with scale-up considerations; first, challenges regarding economies of 

scale are reviewed, followed by scale-up strategies, which include numbering-up; finally, 

previous multiphase scale-out studies are discussed. This chapter outlines relevant 

benchmarks both in terms of contactor performance and scale-out. Benchmarks for 

conventional equipment are presented in Table 2-2 and results for intensified segmented 

flow contactors are presented throughout sections 2.2.2 and 2.4. As for scale-out, a scale 

comparison with both conventional and intensified contactors is presented in section 2.7, 

including Table 2-4, where various cases are compiled. The multiphase scale-out with 

the largest number of channels reported in the literature has eight channels by Su et al. 

[120]. The gaps in the literature are discussed at the end of Chapter 2 and additionally 

in Chapters 4 to 6. 

The second objective is to characterise both flow and mass transfer of the liquid-

liquid segmented flow pattern in small-diameter channels. This objective was addressed 

in Chapter 4 along with the review presented in Chapter 2. High-speed imaging is used 

to measure the most important characteristics of segmented flow, namely, the plug and 

slug lengths. From the experiments, correlations between Lp/d and 1-Lp/Lu with Qc/QT, 

μd/μc, Cac, and Rec/Cac are developed, expressed in terms of dimensionless numbers. 
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The correlations were analysed and it was shown both Qc/QT and Cac have the strongest 

influence on the segmented flow geometric characteristics; this was supported by a 

comparison of previous models available in the literature (Table 4-3). These correlations 

were used to propose models for the dimensionless unit length, holdup, and specific 

interfacial area. Furthermore, the hydrodynamic characterisation included the pressure 

gradient inside channels under segmented flow. Available models were shown to have 

limitations in terms of the variables they depend upon and the channel diameters used 

to obtain them. A new empirical model, based on the periodicity of the flow pattern, is 

obtained and shown to closely correspond to the experimental data while previous 

models were shown to be inaccurate for the experimental systems tested. The pressure 

gradient model developed here must be further tested in order to be used as a tool for 

the design of flow distributors for small-channel contactors. In order to characterise the 

mass transfer, the extraction efficiency (%Eff), the volumetric mass transfer (Kaqa), and 

the mass transfer (Kaq) coefficients were measured under several conditions (section 

4.4). The extraction efficiency depends on the mixture velocity, residence time, and the 

concentration of extractant used. The mass transfer coefficients were determined 

experimentally for a range of residence time between 5 and 20 s, thus independent of 

inlet effects; it was found the mass transfer coefficient depends strongly on the mixture 

velocity but not to changes in the concentration of extractant used or flow rate ratio. The 

values for Kaq are between 2.18×10-5 and 6.5×10-5 m s-1. A CFD model implemented in 

Comsol Multiphysics ® was used to better understand the effects found in the mass 

transfer coefficients. The mass transfer close to the inlet was found to significant because 

most of the solute is close to the interphase at the beginning of the process. The findings 

were compared and contrasted with examples in the literature in similar devices and in 

conventional contactors. One of the most important conclusions is that the mass transfer 

coefficients are not especially large in small-channel contactors compared to 

conventional contactors, however, the large interfacial areas available in small channels 

provide these contactors with their characteristically large mass transfer rates that have 

been frequently reported in the literature. Additional advantages, in particular, the narrow 
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residence time distributions, may be the greatest assets of these contactors. The flow 

and mass transfer characterisation achieved in this thesis provides a framework of tools 

for contactor design as well as operation parameter selection.  

Objective number three is to develop a method to design multiphase flow 

distributors. The motivation for this objective is shown in Table 2.4; industrially- and 

economically-relevant small channel contactors would need to operate in the order of 

hundreds or thousands of parallel channels in approximately the same conditions. This 

is far from being achieved in the available literature, where the few examples of 

multiphase scale-out contactors are under 10 channels. A robust scale-out method is still 

needed to scale out a large number of channels. A methodology is presented in Chapter 

3 to design manifolds for two-phase flows. The methodology (section 3.2.1) is based on 

a resistance network model of the double manifold (Figs. 3-6, 5-1). The flow paths, mass 

balances, and energy balances are solved to give the flow rates in every channel of the 

double manifold. In addition, an advanced multivariable statistical tool (section 3.2.2), 

adapted from principal component analysis, is used to quantify the maldistribution in the 

channels. Both tools are used together in Chapter 5. In the first instance, the effect of 

the double manifold design for a fixed number of channels (N=5) is analysed. The 

conditions where channeling is observed are described and the effect of resistance ratios 

is demonstrated, for example, Fig. 5-3 is presented as a guide to improve the flow 

distribution in double manifolds. The pumping head and power requirements for different 

designs are both quantified and identified as the main trade-off when designing double 

manifolds. In particular, the dimensionless pumping power requirements are found to be 

almost inversely proportional to the phase ratio maldistribution metric. The second part 

of Chapter 5 presents an analysis of the effects of changing the number of channels and 

how to design a double manifold for as many channels as required. Scaling laws are 

proposed to design double manifold for a large number of channels given the design for 

a smaller distributor. The trade-offs with respect to pumping power are quantified also 

for the case where N is a variable, it is found there is an absence of economies of scale 



196 
 

in terms of pumping requirements. The tools developed and analysed in Chapters 3 and 

5 are used to propose a design methodology for two-phase distributors and is further 

described in algorithmic fashion in Chapter 6 (Fig. 6-2). The results found in Chapter 5 

strictly apply to the case where the hydraulic resistance is independent of the flow rate 

in all the sections. This is not the case in the segmented flow pattern (section 4.3) but it 

is necessary to understand this case in order to address more complex ones. 

The fourth objective is to design and test a multiphase flow distributor prototype 

with a larger capacity than the examples available in the literature. The prototype 

development and the tests conducted using it, presented in Chapter 6, accomplish this 

objective. The initial step is to determine the single-channel length required to achieve a 

specific extraction efficiency. Table 6-1 shows how long a contactor should be to achieve 

different extraction efficiencies for the cases studied in Chapter 4; on the other hand, 

Table 6-2 generalises from this to propose exponents of dependence for different design 

variables depending on mixture velocity and channel diameter. These results highlight 

some important design trade-offs in small-channel contactor designs. The design 

methodology proposed in Chapter 5 is applied in Chapter 6 and a flow chart (Fig 6-2) is 

presented as a tool to follow the sequence of steps and decision to make along with the 

design. In particular, three feedback loops are identified, the first one takes into 

consideration the non-linearity of the pressure drop model with respect to flow rates. The 

second loop considers if the flow distribution quality achieved is within tolerance. The 

final loop then checks if the geometry selected is economical in terms of pumping 

requirements. The prototype is designed for a specific range of conditions (flow rates, 

flow rate ratios, total throughput); the design methodology can, however, be applied for 

other cases and situations. The procedure to select the geometries is shown, starting 

from a given geometry, the flow chart is followed until a geometry is found where the 

tolerances and requirements are met. Having tested the prototype, the fill-up and start-

up procedures are escribed; this knowledge is out of reach from a steady-state model 

and as so it is crucial to report it in order to advance this technology. The prototype was 
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successfully used to further identify aspects of the method that can be improved in the 

future. Since the manufacturing of the manifold was completed in-house, there are 

learned lessons in the design stages, the manufacturing stages, and up to the test 

stages. The double manifold prototype is tested both in terms of flow distribution and in 

its ability to handle two-phase flows with mass transfer. These complementary results 

show that, even though there is space for improvement, the scale-up of the manifold is 

successful. The flow distribution experiments, shown in Figs 6-6 and 6-7, clearly 

demonstrate good flow distribution is achieved but there are deviations from the model. 

It is suggested these deviations are a result of factors not considered in the model, such 

as expansions and contractions, turns, and differences in the tubing. The experiments 

with an acid-base reaction use the same fluids as the flow distribution ones except for 

KOH, acetic acid, and phenolphthalein are added to the solutions. The result measured 

was the distance it takes for the solution to become colourless (starting from bright pink). 

The results show the flow distribution helps achieve a very narrow distribution of the 

length needed (Fig. 6-10). Additionally, the mass transfer results corroborate the 

exponent of dependence for LEff and umix, first proposed in Table 6-2. The capacity of the 

double manifold is modular, this has important implication to this objective. Not only do 

the tests with 5 and 10 channels (2 mm I.D.) presented in Chapter 6 have a larger 

throughput, operating in segmented flow, than any previous attempt available in the 

literature (reviewed in section 2.7.3), the design methodology would allow for even larger 

throughputs to be processed.  

The final objective is to summarise and communicate the advantages, 

disadvantages, challenges and trade-offs of the multiphase processing technology 

developed in this thesis. These are presented in Table 7-1. The advantages listed are 

only the ones found in this work and do not necessarily include the ones previous authors 

may have identified for segmented flow contactors. The disadvantages stem from the 

fact that agitated tanks and columns are simple to build and the double manifolds are 

more complicated. This is an unavoidable disadvantage that needs to be considered 
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when a double manifold contactor and a conventional contactor are compared. The 

challenges listed are further described in the next section. The trade-offs listed must be 

considered when a double manifold is being designed. 

Table 7-1 Summary of advantages, disadvantages, challenges, and trade-offs 
identified for multiphase processing technologies operating under segmented 
flow (Taylor flow) and scaled-up using double manifolds. 

Advantages 

o Fast mass transfer, short residence time 

o Narrow residence time distribution 

o High degree of reproducibility 

o Ability to handle relatively high-viscosity solvents 

o No density difference requirement 

o Large surface area, simple heat management and high 

potential for photochemical reactions 

o Potentially smaller volume and inventories required 

o Modular throughput 

o Fast process development from test to production 

Disadvantages 

o Many pieces in the double manifold, potentially difficult and 

expensive to manufacture at larger scales 

o Detailed pressure drop modelled are needed 

o Several expansions, contractions, and turns lead to 

potentially high pumping costs 

Challenges 

o Remaining scale-up uncertainty 

o Untested in a large range of conditions 

o More research needed around the mixing zone 

o Flow separators based on membranes is still expensive 

o Fill-up and start-up procedures requiring 2×N shut-off 

valves – expensive 

o Demonstrate scalability to large scales 

o Demonstrate the effect and suitability of diverse main 

channel materials 

Trade-offs 

o Pressure drop and flow distribution 

o Detailed pressure drop model and cost of obtaining them 

for new systems 
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7.2 Future Work 

This section outlines the steps to follow in the development of intensified small-

channel contactors based on the results presented in this dissertation. The steps are 

divided according to the range of scales explored in this thesis, described in Fig. 1-3. 

The future work outlined here addresses topics worth investigating in the whole spectrum 

of R&D, some are more suitable for fundamental academic research while others are 

geared towards facilitating commercial impact. 

-Transport phenomena: Fluid dynamics & Mass transfer.  

There is significant research so far at the transport phenomena and fluid 

dynamics scales, as demonstrated in Chapters 2 and 4. The further research and 

development steps that can be taken at this scale should be informed by the challenges 

at the larger scales in order to realise more readily the commercial potential of this 

technology. Three key areas to work forward at this scale are; the characterisation of the 

mixing junction, in particular the mass transfer and pressure drop; the validation of the 

pressure drop model presented in section 4.3 with other systems and in different 

conditions; the study of a diverse range of geometries, systems, and operating 

conditions. 

A significant fraction of the mass transfer takes place very close to the mixing 

junction. The %Eff results, in section 4.4.1, show that, in most cases, more than 40% of 

the possible extraction takes place in the first 5 seconds of residence time. The mass 

transfer coefficient close to the mixing zone, calculated using the numerical model 

described in section 4.4.2, can be up to one order of magnitude larger than the mass 

transfer coefficient far from the mixing zone (Figs. 4-13 and 4-14). This finding should be 

used to inform design decisions to optimise the contactor in order to further reduce the 

mean residence time required for a certain %Eff. The results in Chapter 4 are restricted 

to tee-junctions with the same diameter as the main channel; these channels do not have 

to scale together and this is an area that can be studied further to find optimal designs. 



200 
 

Other mixing configurations and morphologies could be considered and compared with 

tee-junctions regarding their potential in practical contactors. The pressure drop at the 

mixing junction also needs to be evaluated and included in the resistance network model 

developed in Chapters 5 and 6. None of these research directions are completely novel 

and research is already available, however, what is missing is a demonstration of the 

available results and models to larger channel sizes and commercially-relevant systems. 

The pressure drop model, presented in Chapter 4, is based on the observation 

that the segmented flow pattern is regular and the pressure gradient inside the channel 

can be modelled as a periodic function. The model is dimensionless and depends on 

variables that can be measured accurately. Figs. 4-4 and 4-5 show this model is also 

precise and accurate for the conditions tested, which include a wide range of channel 

diameters, flow velocities, and flow rate ratios (Table 4-2). However, the model has only 

been validated with one inlet configuration, two liquid pairs, and three channel internal 

diameters. The pressure gradient under segmented flow pattern for more fluid pairs with 

a large range of dimensionless numbers (Re, Ca, μc/μd…), more channels sizes, and 

more inlet configurations should be obtained to further validate the model. Furthermore, 

the coefficients in Eq. 4-15 are empirical (obtained with via regression analysis of 

experimental data). If this model is to be used in other systems, a first-principles model 

should be developed to explain the good agreement of this model with the experimental 

data. The exclusive use of easily accessible measurements, namely, plug and unit 

lengths as well as fluids properties, should be continued. 

As mentioned above, there is abundant research at this scale; one interesting 

step forward would be to create or adapt tools to facilitate the development of multiphase 

processing technologies. Two tools, one experimental and one computational are 

described here. The experimental tool, whose value and need is made clear in Chapters 

3 and 4, is a plug-and-play, modular optical sensor kit that could precisely and accurately 

measure plug and slug lengths as well as plug frequency (and thus plug velocity). Such 

a tool would be a low-cost replacement to the high-speed camera used in this work. The 
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‘plug-and-play’ aspect is a requirement if it is to be used with different channels. The 

modularity means several sensors should be placed in parallel channels to have 

simultaneous measurements of many channels, this would be useful to test further 

prototypes as in Chapter 6. In some cases, this tool would be used in parallel to a high-

speed camera to ensure reliability and reproducibility. The use of this fast and low-cost 

tool would also allow for more data points to be obtained and therefore be able to test 

and develop more reliable models of the segmented flow pattern. There are examples of 

such optical sensors to make measurements in segmented flow processes (e.g. 

[165,166]) but they have not considered their application in scale-out. The numerical tool 

that can be proposed from the work at the mass-transfer scale is to develop a library of 

plug-slug geometries in Comsol Multiphysics ® and simulate the mass transfer in a 

model similar to the one used in section 4.4.2. These results could be used to reverse 

engineer mixing junctions and operating conditions in order to achieve optimal mass 

transfer conditions. These results could be further implemented in a computational-

assisted-design tool that could find the optimal design and operating parameters for 

specific multiphase processes. These tools would enable the study of a wider spectrum 

of conditions as testing becomes simpler and less costly. Surely, new opportunities will 

be found as more systems, with different behaviours and properties are studied.  

-Scale-out: Flow rate & ratio maldistribution.  

Steps forward at the scale where flow distribution happens, which ranges from 

fluid dynamics scales and up to process equipment scales, are more fundamental than 

the previous scale because less research has been conducted. While the configuration 

of the double manifold (Fig. 5-1.) has several advantages, it would be important to carry 

out resistance network models and similar analyses to the ones conducted in Chapter 5 

to other configurations. Another important step forward at this scale is to review the 

assumptions made in the development of the models (section 3.2) and study the effect 

of fabrication tolerances and flow disruptions. Finally, while the trade-off between flow 

maldistribution and pumping power was clearly established in Chapter 5, a case study 
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with real manufacturing, maldistribution, and pumping costs is needed to further clarify 

their relationship. 

The double manifold configuration used throughout Chapters 3, 5, and 6 is only 

one of many possibilities. Studying other configurations, such as having the feed of each 

phase opposite to each other, or in the middle, or having the distribution section as a 

bifurcation manifold, could reveal the advantages and disadvantages of each 

configuration. The advantage of having developed maldistribution metrics (section 3.2.2) 

that are independent of the distribution section and correlate straightforwardly to process 

performance metrics will allow for fast screening of the manifold configurations described 

above. 

The assumptions used to develop the models and analyse their results capture 

the key aspects of the flow distribution problem. However, moving forward will require 

for the resistance network model to consider the effects of inlets, mixing, expansions, 

contractions, bends, fabrication tolerances and even time-dependent effects such as 

pulsing from the pumps and channel blockages. The pumping power calculations also 

include a simplified model (section 5.3). More refined models would be needed in future 

studies. Chapter 5 considers only linear pressure gradients (with respect to flow rate) but 

sections 3.2.1.1 and 6.3 presents an iterative solution that can solve for more complex 

pressure gradient models. These iterative methods should continue to be used, and if 

possible refined, in any future modelling work. Advances in these directions will increase 

the confidence in these design tools and will facilitate the expansion of this technology 

to different systems (including gas-liquid, solid-gas-liquid, solid-liquid-liquid) and a wider 

range of processes (absorptions, reactions, reactive extractions, flow chemistry including 

photochemistry). 

Finally, one important step forward at this scale is to do a techno-economic 

analysis of a case study where the trade-off between maldistribution and pumping 

requirements is quantified (Chapter 5). This would require to select a specific application 

in order to quantify the costs of having residence time and flow rate ratio differences 
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among parallel channels in the main section of a double manifold. The costs of 

manufacturing, especially after considering fabrication tolerances, must be included in 

this study. The findings of such a case study would inform design decisions for double 

manifold prototypes. 

-Prototype: Design, build, improve novel reactor. 

This scale includes processing equipment, including manufacturing, and 

instrumentation. This scale is where the least information is available. There are three 

directions to move forward and each one of these involves a wide range of activities. The 

first direction is to implement the recommendations to improve the prototype, outlined in 

Chapter 6. The second one is to follow-up from the aforementioned scales and to 

improve the design as well as develop a tool to obtain optimal designs. Third; considering 

the scale-out needed requires hundreds and even thousands of channels; design, test, 

and improve a prototype that can handle these numbers of channels. 

Proposing recommendations for the prototype, after going through the design, 

manufacturing, and testing processes (Chapter 6) is the main reason the prototype was 

developed in the first place. These recommendations will guide the future work for this 

prototype to make it more effective, more practical and, especially, safer. The 

recommendations include: Adding a pressure relief valve and an air outlet (for fill-up) 

facing upwards. Implement a method to make sure all the main channels are the same 

(to minimise pressure differences among main channels). Where back-pressure is used, 

appropriately select the materials and test the prototype. Implement automatic valves for 

ease of fill-up and start-up. 

The design methodology for double manifold contactors, developed in Chapters 

5 and 6, was proven successful with the flow distribution and mass transfer results in 

Chapter 6. However, the design obtained and used to manufacture the prototype tested 

is not necessarily optimal in many ways. For example, the footprint of the contactor was 

not considered among the variables while the pumping requirements were only justified 
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as feasible but not optimised. In order to improve the double manifold design, the optimal 

main channel design and operating conditions for mass transfer should be implemented. 

These decisions will be informed by the other future work outlined above in this section. 

Furthermore, an optimisation tool could be developed and used to propose optimal 

double manifold designs and operating parameters. 

The ultimate goal of this research is to be able to have the advantages of 

intensified small-channel contactors be applied to large, commercial-scales and 

compared against conventional contactor technologies. As reviewed in Chapter 2, this 

means the scale-out required is above 100 channels to have comparable throughput with 

commercially-available contactors. The double manifold configuration used in this thesis 

expanded to hundreds or thousands of channels would need to be extremely long and 

inconvenient even though feasible considering that the results in Chapter 5 refer to 

manifolds of up to 500 channels. For this reason, a multi-level double manifold would be 

the best solution at those throughput scales. Schematics for multi-level double manifolds 

are presented in Figs. 7-1 and 7-2. The dimensions used in these schematics follow the 

ones used in the prototype (Chapter 6) and may not be accurate for a final multi-level 

double manifold design. A multi-level double manifold consists of several double 

manifolds stacked vertically and feeds on a single source for each fluid. This 

configuration could be modelled with an appropriate resistance network and, in general, 

similar work as the one presented in Chapters 5 and 6. There is significant work to do 

before an optimally designed multi-level double manifold is tested but it will most 

definitively be possible after following the steps described in this section. 

-Select commercial applications, protect IP.  

The technology shown in this thesis may have significant commercial potential, 

especially if the steps above are followed. To take the technology forward its commercial 

potential needs to be shown by selecting a profitable commercial application to 

demonstrate it; this would entail protecting the intellectual property (IP) of the invention 

involved. 
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While the advantages of scale-out multiphase contactors are clear, in order to 

replace current technologies there should be a substantial profit margin. Case studies 

must be identified to carry out a comparative analysis. Since the most important 

advantages are related to the increased safety and improved quality control of the 

processes while the important remaining challenges are around the scalability to very 

large throughputs, three important process industries to look at are nuclear reprocessing, 

fine chemicals and pharmaceuticals for the large potential impact in comparison to 

conventional processing. The nascent field of urban mining, extracting useful materials 

(i.e. critical raw materials) from urban waste, could also be considered as it could be a 

significant source of resources in the present century [167,168] and is in line with the 

SDGs presented in Fig. 1-1. 

Protecting the IP developed in this thesis and after the aforementioned future 

work is completed is of paramount importance. This requires collaboration with the 

technology transfer office at UCL (UCLB). The patent applications should be made as 

soon as possible, preferably before or simultaneously as the commercial potential is 

demonstrated. The commercial opportunities should be grasped as this is a certain way 

to ensure the findings in this thesis have impact within the process industries. 

This section outlines a very wide range of possible steps forward that can be 

taken and originate, at least partially, from the results presented in this thesis. As 

described in the Impact Statement (pp. 7), the work presented here has significant 

commercial potential and the steps presented here provide a clear path to follow in order 

to materialise it. 
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Figure 7-1 Multi-level double manifold schematic with 50 main channels. This 
design can potentially increase the throughput with a minimal footprint. The path 
followed by each phase consists of one vertical feed section, an inlet section to 
allow a parabolic velocity profile to develop, a distribution section, a barrier 
section, a mixing junction, and the main channels. The a), b), and c) panels 
correspond to side, front, and top views, respectively. 

 



207 
 

 

Figure 7-2 Front view of a multi-level double manifold schematic with 100 main 
channels. Such a multi-level double manifold, depending on main channel 
diameter and flow velocity (Table 2-4), could process similar throughputs as 
conventional contactors with the advantages of segmented-flow contactors. 
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Appendix 

1. Pressure drop model derivation 

As described in section 4.3, the average pressure gradient in a tube of length L 

with fully developed segmented flow with unit length Lu, can be modelled according to 

Eq. 4-12; assuming the pressure gradient is a periodic function, as shown by Li & Angeli 

in Fig. A-1 [8]. 

 

Figure A-1 Profile of the pressure at the wall for a segmented flow pattern. Sourced 
from “Experimental and numerical hydrodynamic studies of ionic liquid-aqueous 
plug flow in small channels” By Li Q. & Angeli P. [8]. 

The integrand in Eq. 4-12 can be simplified by assuming it is composed of 

independent and constant contributions from the plug and slug fractions of the plug-slug 

unit. Eq. A1 defines the domain for each contribution; the continuous contribution runs 

for the length of the slug while the dispersed contribution does so for the length of the 

plug. The substitution of Eq. A-1 in the integrand of Eq. 4-12 results in Eq. A-2. 

(
Δp

L
) = {

(
Δp

L
)
c
⁡0 ≤ x ≤ Ls

⁡⁡(
Δp

L
)
d
⁡Ls < x ≤ Lu

     (A-1) 

∫ (
Δp

L
)

Lu
0

dx = (
Δp

L
)
c
∫ dx
Ls
0

+ (
Δp

L
)
d
∫ dx
Lu
Ls

= (
Δp

L
)
c
Ls + (

Δp

L
)
d
Lp  (A-2) 
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Substituting Eq. A-2 in Eq. 4-12 yields Eq. A-3. As described in section 4.3, the 

continuous contribution to the pressure gradient is modelled as being equal to the 

Hagen- Poiseuille flow pressure gradient (Eq. A-4). 

(
Δp

L
)
overall

= (
Δp

L
)
c

Ls

Lu
+ (

Δp

L
)
d

Lp

Lu
= (

Δp

L
)
c
(1 −

Lp

Lu
) + (

Δp

L
)
d

Lp

Lu
  (A-3) 

(
Δp

L
)
c
=

32μcumix

d2
⁡⁡     (A-4) 

Finally, substituting Eq. A-4 in Eq. A-3 yields Eq. 4-13. Using the definitions for 

friction factors and Reynolds numbers in section 4.3, Eq. 4-14 follows directly. 
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2. Derivation of holdup and specific interfacial area models 

The holdup and specific interfacial area models (section 4.2) are derived here 

starting from the assumption of straight plugs with hemispherical caps. The area and 

volume of a plug in this model are given in Eqs. A-5 and A-6. 

Ap = Acylinder + 2⁡Ahemisphere = πdpLp   (A-5) 

Vp = Vcylinder + 2⁡Vhemisphere =
π

12
dp
2(3Lp − dp)   (A-6) 

The definition of the holdup is presented in Eq. A-7. Vd is the total volume of the 

dispersed phase in the contactor and Np is the total number of plugs in the contactor. 

Considering the number of plugs is equal to the number of units and equal to L/Lu, Eq. 

A-8 is derived. In the limit where δ0, dp=d, and thus Eq. 4-5 is obtained. 

ε =
Vd

VT
=

VpNp

VT
      (A-7) 

ε
Lu

d
=

dp
2

d2
(
Lp

d
−

dp

3d
)     (A-8) 

Similarly, the definition of specific interfacial area is presented in Eq. A-9. Ad is 

the total interfacial area inside the contactor. The same argument of Np=L/Lu is used and 

Eq. A-10 is obtained. In the limit where δ0, dp=d, and thus Eq. 4-8 is obtained. 

a =
Ad

VT
=

ApNp

VT
⁡⁡      (A-9) 

a × d = 4
dp

d

Lp

Lu
⁡      (A-10) 
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3. Matlab code for the calculation of the R matrix 

The Matlab code developed to calculate the R matrix for any value of N (Eq. 3-

13), described in section 3.2.1, is included below. 

%last terms of the first lines of the R matrix 
C_R=zeros(N-1,N); 
    for i=1:N; 
       for j=1:N-1; 
           if i<j; 
               C_R(j,i)= -RC(N-j+1)/RR(j); 
           end 
           if i==j; 
              C_R(j,i)= -1-RC(N-j+1)/RR(j); 
           end 
            if j==i-1; 
                C_R(j,i)= RR(j+1)/RR(j); 
            end 
      end 
    end 

  
%first terms of the first lines of R matrix 
AB1_R=zeros(N-1,N); 
    for i=1:N; 
       for j=1:N-1; 
           if i==j; 
               AB1_R(j,i)=-RB1(j)/RR(j); 
           end 
           if i==j+1; 
              AB1_R(j,i)=(RB1(j+1)+RA1(j+1))/RR(j); 
           end 
            if i>j+1; 
                AB1_R(j,i)=RA1(j+1)/RR(j); 
            end 
      end 
    end 

  
%first terms of the first lines of R matrix 
AB2_R=zeros(N-1,N); 
    for i=1:N; 
       for j=1:N-1; 
           if i==j; 
               AB2_R(j,i)=-RB2(j)/RR(j); 
           end 
           if i==j+1; 
              AB2_R(j,i)=(RB2(j+1)+RA2(j+1))/RR(j); 
           end 
            if i>j+1; 
                AB2_R(j,i)=RA2(j+1)/RR(j); 
            end 
      end 
    end 

  
R=ones(3*N); 
R(1:(N-1),:)=[AB1_R,zeros(N-1,N),C_R]; 
R(N:2*N-2,:)=[zeros(N-1,N),AB2_R,C_R]; 
R((2*N)-1:3*N-2,:)=[eye(N),eye(N),-eye(N)]; 
R(3*N-

1:3*N,:)=[ones(1,N),zeros(1,2*N);zeros(1,N),ones(1,N),zeros(1,N)]; 
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4. Exponents of dependence for LEff, τEff, N, and ΔpEff 

The derivation of the exponents of dependence, presented in Table 6-2, are 

presented here. A power-law dependence for LEff, τEff, N, and ΔpEff with respect to both 

umix and d is assumed. 

The corresponding exponents for LEff and τEff are obtained using Eq. 6-1, 2-13, 

and 4-6 to 4-11. As mentioned in section 6.2, the factor εaq/(a×d) depends weakly (i.e. 

the exponent of dependence is close to zero) on Cac and Rec/Cac and therefore it 

depends weakly on d and umix. Therefore, following Eq. 2-13, LEff/d is proportional to 

(umix×d)0.5, shown in Eq. A-11, where C is a constant independent of d, umix, and DU|w. By 

multiplying LEff/d by d, the exponents of 1/2 for umix and 3/2 for d are found. 

L

d
=

εaq

(a×d)

(umixd)
0.5

DU|w
0.5 C

ln (
1

1−Eff
)     (A-11) 

The residence time needed to achieve a given extraction efficiency (τEff) is 

proportional to LEff and inversely proportional to umix (Eq. A-12). Therefore, the same 

exponent for d is valid for τEff as is for LEff and the exponent for umix is the same as for LEff 

minus one. 

τEff =
LEff

umix
     (A-12) 

The exponents of dependence for N are the result of finding how N changes for 

a given throughput (Eq. A-13). N is inversely proportional to umix and to d2. 

N =
4QT

πumixd
2     (A-13) 

As detailed in section 4.3, the pressure gradient in segmented flow pattern is 

proportional to umix and d-2. It follows from Eq. A-14 and the exponents for LEff that the 

pressure drop in a contactor long enough to achieve a given extraction efficiency (ΔpEff) 

is proportional to d-1/2 and umix
3/2. 

∆pEff = (
Δp

L
)LEff    (A-14) 
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