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Abstract

Calcium looping is an emerging technology for post-combustion carbon dioxide capture and storage in devel-
opment. In this study, a 1-dimensional dynamical model for the calcium looping process was developed. The
model was tested against a laboratory scale 30 kW test rig at INCAR-CSIC, Spain. The study concentrated
on steady-state simulations of the carbonator reactor. Capture efficiency and reactor temperature profile
were compared against experimental data. First results showed good agreement between the experimental
observations and simulations.
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1. Introduction

Limiting anthropogenic emissions that accelerate the climate change has been a hot topic during the
past decade. There are numerous methods and scenarios to limit those emissions from industry, agriculture,
transportation, and other sources. With the growing demand of energy and abundance of some fossil fuels,
interest has grown towards methods limiting stationary anthropogenic emissions from, for example, power
plants burning coal. One promising method could be calcium looping process. Post-combustion calcium
looping process was first introduced by Shimizu et al. [1]. The process utilizes the reversible reaction
between calcium oxide and carbon dioxide.

CaO + CO2 
 CaCO3 (1)

Stationary CO2 flows to a fluidised bed reactor, carbonator, where CO2 reacts with calcium oxide producing
calcium carbonate. Carbonation reaction is exothermic and the thermal energy produced can be utilized
to improve the efficiency of the process the efficiency of the process alongside with other high temperature
flows of the process. Calcium carbonate is transferred to a another fluidised bed reactor, calciner, where
it is regenerated back to calcium oxide producing a high concentration CO2 flow. The high concetration
CO2 flow can be compressed and stored. Calcination reaction is endothermic and requires thermal energy.
This thermal energy can be provided by burning a fraction of the combustor fuel with oxygen. Also thermal
coupling with the boiler has been proposed [2]. A schematic of the process is presented in Figure 1.

The high flow rates of CO2 produced by power plants require sufficient residence times and a good
gas-solid contact to achieve reasonable reactor sizes and economical feasibility [3]. This is best achieved in
fluidised bed reactors. A variety of fluidised bed combinations can be used in the calcium looping process
but this study concentrates on two interconnected circulating fluidised beds [4]. Computational models
can be valuable tools in the development of systems and processes. They often save time and money by
removing the need to build a full-scale pilot plant. Computational models also pose challenges in describing
the process accurately, because they always contain assumptions and simplifications to some degree. By
finding the fundamental phenomena and parameters governing the process, a reliable model can be created.
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Figure 1: Calcium looping process

Many studies have been done recently regarding the characteristics of this process. Earlier studies
[3, 5, 6, 7, 8] related to modelling of calcium looping process have concentrated purely on stationary cases.
In some cases [3, 6] only one of the reactors is modelled. In contrast to earlier models, the model presented
in this paper is capable of solving unsteady situations and solves 1 dimensional (1-D) conservation equations
for mass, energy and conversion degree for both interconnected fluidised bed reactors of the calcium looping
process. Thus, the model is capable to consider the effects of chemical reactions, heat and mass transfer
in each vertical reactor level based on calculated local values of temperatures, gas and solid concentrations.
In previous studies, the energy balance and incomplete mixing have not been considered which limits the
capability of process models to model detailed process phenomena in a physical and accurate manner. Each
reactor is discretized using the control volume method into vertical 1-D control volumes. The mass and
energy balances are solved at each time step using a build-in solver within Matlab/Simulink. Phenomena
like solid entrainment, heat transfer, and chemical reactions are modelled with semi-empirical correlations. In
the following chapters, the modelling principles will be introduced and steady-state results from a laboratory-
scale experimental setup will be compared against the model results. The comparison will concentrate on
the carbonator reactor and steady-state results; more experimental data is needed to make further analysis.
The 1-D carbonator model reactivity, hydrodynamics, and energy balance have been validated as a result
of this comparison.

2. Theory of calcium looping process

Calcium looping process is based on the fast reaction between calcium oxide and CO2. However, the
fast reaction period is limited by the formation of a CaCO3 product layer to the interior and exterior of
the particle. After the formation of the product layer the reaction is controlled by slow diffusion which is
unsuitable for CO2 capture purposes. [9, 10]

Describing this decay of the carrying capacity is essential to the accuracy of the model. Natural limestone
undergoing carbonation-calcination cycles quickly reaches an asymptotical conversion degree limit. Mass
based conversion degree for the material is defined as

W =
mCaCO3

mCaO +mCaCO3
(2)

where mCaCO3 is the mass of calcium carbonate and mCaO is the mass of calcium oxide. In a mix of
different aged limestones the conversion degree limit is defined as the averaged maximum conversion degree
[9]. Carbonation reaction rate is modelled with a correlation presented by Shimizu et al. [1]

rcarb = ms (Wmax −W ) kcarb (CCO2 − CCO2e) (3)
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where ms is the total solid mass, (Wmax−W ) represents the active fraction of solid material and kcarb is the
kinetic constant for the carbonation reaction. The optimal temperature of carbonation has been determined
to be around 650 ◦C when treating flue gases at atmospheric pressure [3]. When the temperature rises,
reaction kinetics improve, but also the equiblibrium CO2 partial pressure increases causing the reaction
to slow down or change direction. When considering the operation temperature, the carbonator has a
narrow operation window, which has to be taken into account in the modelling. Efforts to improve sorbent
durability againts the decay of activity and attrition are ongoing, but natural limestones can provide the
required activity if it is possible to use sufficient make-up flows of limestone.

Unlike the carbonation reaction, the calcination reaction is mainly controlled by the surrounding tem-
perature and the CO2 partial pressure. The temperature of the calciner is recommeded to be below 950 ◦C
because of operational factors and the increasing decay of activity above 1000 ◦C [9, 10]. A reaction rate
correlation for the calcination reaction was presented by Garcia-Labiano et al. [11]. Calcination reaction rate
depends on the properties of the limestone and the relation of CO2 partial pressure pCO2 to the equilibrium
partial pressure pCO2.

rcalc = msWSave
MCaCO3

ρCaCO3
kcalc

(
1 − pCO2

pCO2e

)
(4)

where Save is the reaction surface area, MCaCO3 is the molar mass of calcium carbonate, ρCaCO3 is the
material density of calcium carbonate, and kcalc is the kinetic parameter for the calcination reaction of the
selected limestone.

3. Description of modelling approach

The studied calcium looping process consists of two fast gas fluidised risers and solids return systems after
the risers. Each reactor is discretized using the control volume method into vertical 1-D control volumes.
Spatial derivatives are discretized using first-order approximations with central difference or upwind scheme
for convective fluxes. Time dependent balance equations for mass and energy are written for each element.
A set of time dependent equations is solved using fixed-step explicit ordinary differential equation solver in
Simulink/Matlab system. Steady state solutions are obtained by a dynamic simulation until steady state is
obtained. Each element is treated as an ideally mixed control volume. Solid and gas phases are calculated
separately using the same average temperature for both of the phases. Modules can be either adiabatic
or prescribed insulation thickness and surface temperature can be determined. There is also an option for
additional internal heat exchangers.

3.1. Gas phase

The gas phase consists of four gas components, namely O2, N2, CO2 and H2O. For each gas component
j at element i, the mass fraction w is solved using the general time dependent mass balance

dwi,j

dt
=

1

mg,i
(ṁi,j,in − ṁi,j,out + ri,j) (5)

where mg,i is the total gas mixture mass at element i and ri,j is the source term of the gas component
j from chemical reactions. The total gas mixture mass is solved using the ideal gas approach

mg,i =
pVg,iMg,i

RTi
(6)

where the gas mixture volume is Vg,i = Vtot,i − Vs,i and the molar mass of the gas mixture

Mg,i =

∑
j

wi,j

Mj

−1

(7)
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Figure 2: Calculation parameters and boundary conditions for the simulation. The outlet boundary condition equals the values
solved in the last control volume ntot, for example the exit temperature of phases is the same as the temperature in the last
element

4



In the carbonator, the reaction rate is defined for the formation of CaCO3 and the reaction reduces the
amount of CO2. Thus, the source term of CO2 for the carbonator is then

rCO2,i = −rcarb,i
MCO2

MCaO
. (8)

In the calciner, the reaction rate is defined for the formation of CaO and the reaction increases the
amount of CO2. Thus, the source term of CO2 for the calcinator is then

rCO2,i = rcalc,i
MCO2

MCaCO3
. (9)

Heterogeneous reactions are taken into account by mass source and sink terms in the mass balance equations
for solids and gases.

3.2. Solid phase

The solid phase consists of two solid materials at both risers, namely CaO and CaCO3. The total solid
phase density is modelled using an empirical correlation to describe the hydrodynamics of the fast fluidised
bed. The vertical density profile is modelled using the correlation provided by Johnsson and Leckner [12]

ρs(h) =
(
ρb − ρee

KHe
)
e−ah + ρee

K(He−h). (10)

Profile decay factors a and K are determined as follows

a = 4
ut
ug

(11)

K =
0.23

ug − ut
(12)

where ut is the particle terminal velocity at the upper part of the riser, ug is the velocity of gas mixture
at the grid and He is the height to the exit channel.

The terminal velocity is solved iteratively for the solid particles by giving an initial guess for it and
calculating the particle Reynolds number. With the particle Reynolds number the drag coefficient can be
solved. The terminal velocity can be calculated from Equation 13 after solving the drag coefficient. This
procedure is repeated until a converged solution is found [13].

ut =

{
4gdp
3Cd

(
ρs
ρg

− 1

)}0.5

(13)

where ut is terminal velocity of the particles, dp is the particle diameter, Cd particle drag coefficient, ρg
the density of the gas phase and ρs the apparent density of the solid phase. The solid exit density ρe has
modeled using the following correlation

ρe = ρs,pt
u− ut
upt − ut

(14)

where u is the gas mixture velocity at the upper part of the riser, upt is the gas mixture velocity which
corresponds pneumatic transport condition, and ρs,pt represents the solid density at pneumatic transport
condition. The solid bed density ρb at h = 0 is calculated by integrating Eq. (10) over the riser with the
riser cross-section area when 0-D solid mass is known. 0-D solid mass balances are solved using the input
solid mass flow rate from the other riser and the output solid flows are solved using the empirical correlation

ṁout = kuArρ
n
e (15)

where Ar is the cross-section area of the riser. Here parameters k (k<1) and exponent n consider the
difference between gas and solid velocity and internal separation of solids flow in the exit region of the
reactor.
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Time dependent local conversion ratios for element i in the carbonator and calciner can be expressed as

d(ms,iWcarb,i)

dt
=
∑
in

ṁs,in (Win −Wi) + rcarb,i (16)

d(ms,iWcalc,i)

dt
=
∑
in

ṁs,in (Win −Wi) − rcalc,i (17)

where Wi is the element conversion degree and Win is the conversion degree of the incoming solids.

In the current modelling approach, the riser is divided into the core and wall layer regions. The core-
annulus model can be used to simulate the mixing of conversion degree and energy at the risers due to
internal recirculation of the solid material observed in fluidised bed reactors. In the core region, the solid
material is moving upward and in the wall layer downward. The wall layer flow is transferring solid material
from the top of the riser to the bottom region with a conversion degree and energy content corresponding
the conditions at the top of the riser. This phenomenon equalizes the conversion degree and temperature
level throughout the riser. The thickness and solid density of the wall layer are estimated based on the riser
dimensions and fluidising condition. A mass flow entering the wall layer is defined for each element i, based
on a given velocity parameter vwl

ṁs,wl,in = vwlρs,iPi∆hi (18)

where Pi and ∆hi are element perimeter and height, respectively. Solids mixing between core and wall
layer region is modelled using a back flow ratio kbf which defines the mass flow from the wall layer back to
the core region ṁs,wl,out = kbfṁs,wl,in.

3.3. Energy balance

In order to solve the time dependent temperatures of the elements, the energy equation of gas-solid
suspension is written

dUi

dt
= ∆Econv,i + ∆Edisp,i +

∑
y

Sy,i −
∑
x

Qx,i (19)

where ∆Econv, ∆Edisp, Si and Qi represent convective flows of solids and gas mixture, energy dispersion
due to solids mixing, the energy source from chemical reactions and heat transfer rates, respectively. Con-
vective flows are divided into gas and solid phases and treated separately. The following assumptions are
made: both phases have the same temperature, the specific heat of solid cp,s is constant, and both phases
are incompressible. The convective flows are as follows

∆Econv,i =
∑
in

ṁin,s,icp,s (Tin − Ti) +
dms,i

dt
cp,sTi

+
∑
in

ṁin,g,i (hg,in − hg,i) +
dmg,i

dt
hg,i

(20)

The energy dispersion approach is used to model the transferred energy between the elements due to
turbulent motion of the solid material at the riser. Energy dispersion is assumed to follow the form of Fick’s
law leading energy flux to depend on the vertical temperature gradient.

∆Edisp,i = DA+
r ρ̄

+
s cp,s

∆T+

∆h+mp
−DA−

r ρ̄
−
s cp,s

∆T−

∆h−mp
(21)
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where D is the dispersion coefficient for energy mixing and ρ̄s is the average solids density between
elements. The average solid density is calculated between two consecutive elements as an arithmetic average.

Energy sources Sy,i from chemical reactions are calculated as follows, using the reaction rate ry,i and
reaction enthalpy ∆Hy of the reactions.

Sy,i = ∆Hyry,i (22)

For exothermic carbonation reaction ∆Hcarb = - 1.78 MJ/kg and reverse endothermic calcination reaction
∆Hcalc = 1.78 MJ/kg.

Heat transfer to the surfaces can be calculated based on the following expression

Qx,i = αtotAx,i (Ti − Tx,i) , (23)

where the total heat transfer coefficient αtot is calculated from the empirical correlation proposed by
Dutta-Basu [14]

αtot = 5.0ρ0.391s,i T 0.408
i . (24)

The final form for the time dependent temperature at element i is

dTi
dt
ms,icp,s =

∑
in

ṁin,s,icp,s (Tin − Ti)

+
∑
in

ṁin,g,i (hg,in − hg,i)

+ DA+
r ρ̄

+
s cp,s

∆T+

∆h+mp
−DA−

r ρ̄
−
s cp,s

∆T−

∆h−mp

+ Sy,i − αtotAx,i (Ti − Tx,i)

− dhg,i
dt

mg,i (25)

where the last term is calculated using the relation

dhg,i
dt

mg,i = mg,i

∑
j

dwj,i

dt
hj (26)

4. Results

In this section, the results from the model are compared against the results from a 30 kW calcium looping
test rig of INCAR-CSIC situated in Oviedo, Spain. The rig consists of two circulating fluidised bed reactors
with the heights of 6500 mm and diameters of 100 mm. The operating temperatures of the reactors were
650 ◦C in the carbonator and 700 − 800 ◦C in the calciner. An accurate description of this test facility and
test setup is given by Alonso et al. [15]. Comparison was done by selecting points from the measurements
where system operated at steady-state and operational parameters remained nearly constant for a longer
period of time. Operational parameters from the experiments where introduced in to the model and system
was simulated to a steady-state. The inputs, calculation parameters, and boundary conditions are presented
in Figure 2 and Table 1. The parameters not available from the experiments were evaluated based on
literature and previous knowledge of the fluidised bed processes. The study of the results concentrates
on the carbonator reactor since most of the experimental work has examined its behaviour [8]. With the
experimental data available, the study of the capture efficiency and carbonator reactor temperature profile
could be done.

Fluidising gas mass flow rate and properties were set based on the experiments and were kept constant
during the simulations. Particle diameter and density were assigned from the publication describing the
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Table 1: Input parameters of the simulation case

Parameter

input gas mass flow ṁg,in[kg/s] 0.0068
input gas temperature Tg[◦C] 100
input gas CO2 wCO2,in[w − %] 18.1
input gas O2 wO2,in[w − %] 17.2
input gas N2 wN2,in[w − %] 64.7
input gas H2O wH2O,in[w − %] 0.0
solid mass in the reactor ms[kg] 1.2-2.0
average particle diameter dp[µm] 100
apparent solid density ρs[kg/m3] 1800
number of control volumes n[−] 20
kinetic constant kcarb[m3kmol−1s−1] 25
outside temperature of wall Tout[

◦C] 40
conversion limit of the solid material Wmax[−] 0.134
calciner temperature Ts,in[◦C] 800
circulation coefficient k[−] 0.4
circulation exponent n[−] 0.8
wall layer velocity vwl[m/s] 0.00005
height of the carbonator [m] 6.5
diameter of the carbonator [m] 0.1

experimental setup [15]. Circulation coefficient k and exponent n were adjusted to match with average solid
circulation rate observed in the experiments. Conversion limit of the solid material was set to Wmax = 0.134
which is a typical value for material undergone several carbonation calcination cycles. Heat losses from the
reactor were estimated by setting a thick insulation around the unit and setting a surface temperature for
the outside surface. The calciner was not simulated during the carbonator model validation. The conversion
degree and temperature of the circulated material coming from the calciner were set as inputs. These
values were received from the experiments. Internal circulation and dispersion parameters were selected
by comparing the model temperature profile shape to the experimental profile. It was confirmed that the
modelled temperature profile agrees with experimental one, when the dispersion coefficient and wall layer
flow are very low and consequently the backflow from the wall layer was also set zero. Because of the high
aspect ratio of the experimental unit, it is reasonable to assume that the lateral effects are minimal. The
validity of the reaction rate model was tested by comparing the capture efficiency as a function of solid
inventory between simulations and experiments for the given inputs, Figure 3.

As expected, the capture efficiency increases steadily when inventory is added and the simulated capture
efficiencies showed excellent agreement with the experiments. Although the capture efficiencies are well
predicted, the temperature of the lower bed is over predicted in the simulations when inventory increases,
Figure 4. This discrepancy is mainly caused by the fact that the cooling of the experimental carbonator was
done in practise by removing the insulation, when the temperature of the reactor increased. These changes
were not included in the model calculations. The lower bed temperature has a considerable effect on the
carbonator performance because the majority of the active material is situated there. If the temperature
rises over the equilibrium condition, a sharp decrease in the capture efficiency will be experienced. This
will eventually happen if inventory is added and no cooling is introduced to the reactor. In larger scales,
evaporator surfaces or internal heat exchangers will be necessary to control the carbonator temperature in
the desired region. In Figures 5 and 6 the vertical temperature profile of the carbonator is presented with two
different inventories. The lower inventory profile agrees well with the temperature measurements from the
experimental rig. With the higher inventory, the simulated temperature profile moves away from the ideal
region, but preserves the similar shape as in the experiment. In the experiments, the insulation was removed,
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Figure 3: Capture efficiency from the experiments compared to the model capture efficiency as a function of solid inventory
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Figure 5: Vertical temperature profile for the model and test rig carbonator with 180 kg/m2 solid inventory

which lowered the temperature. Better agreement could have been seen, if the insulation thickness in the
model would have been changed accordingly. In the model, the details of changes in insulation materials
were not considered in the thermal boundary conditions and that is why the simulated temperature curve
is higher than the measured. In Figure 7, the vertical conversion profile is presented for the 180 kg/m2

inventory simulation. In the dense lower region, conversion degree reaches quickly the theoretical limit
defined by the active solids in the system. In the model, the mixing of solids through the wall layer has a
strong effect on the conversion degree profile, evening out the conversion degree difference between reactor
entrance and exit. With no experimental information of the conversion degree, the intensity of the solid
mixing had to be determined from incoming and leaving solid conversion degrees with the help of pressure,
and temperature profiles. Ultimately, the construction and fluidisation mode of the reactor will determine
how the core-annulus flow is formed. In larger units, where the aspect ratio allows more solid movement in
the horizontal direction, the role of the phenomenon needs to be studied.

5. Conclusion

A 1-dimensional dynamical model for the calcium looping process utilizing two interconnected fluidised
bed reactors was developed. The model was tested against a laboratory scale (100 mm x 6500 mm) test rig
at INCAR-CSIC. First results show good agreement between the experimental observations and simulations.
The simulated and experimental capture efficiencies agree well, if the temperature boundary conditions are
well described. Sensitivity of the results to the reactor temperature modelling, confirms the necessity of
the detailed description of energy conservation equation within the reactor. This feature is absent in most
previously introduced models. Furthermore, the process simulations conducted with full calcium looping
cycle confirmed the need for temperature control for the efficient operation of this system. Especially the
significance of cooling in the carbonator was clearly seen, when the carbonator reactivity increased. In the
studied system with large aspect ratio, the flow is essentially 1-D and 3-D effects may be neglected. However,
in larger units the effect of wall layer recirculation and energy distribution by dispersion may be significant
and needs to be verified. In studied system of interconnected fluidised beds with several parallel reactions,
the process operation is affected by many different parameters, such as recirculation ratio, fluidisation
conditions, cooling and heating, fuel feed, make-up flow and solid inventory. The capability to model
properly the hydrodynamics, reaction kinetics, and energy transfer of this complex system is an important
step towards scaling up and commercialization of this promising carbon capture and storage technology.
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