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Abstract 

A techno-economic study has been carried out with the aim of analyzing the performance 

(product distribution and energy yields) and estimating the production costs of high purity 

hydrogen obtained from biogas.  For such purpose and taking advantage of empirical data 

developed in our laboratory, it has been proposed a system consisting of a two-zone 

fluidized bed reactor aided by a system of permselective (Pd/Ag) metallic membranes 

inserted in the fluidized bed (TZFBR+MB), and a battery of several fixed bed reactors 

operating cycles of reduction and oxidation (Steam-Iron Process -SIP-). The feed has 

always been an equimolar mixture of CH4 and CO2 simulating a sweetened biogas.  The 

first reactor (TZFBR+MB) can produce a stream of pure hydrogen (i.e. PEMFC quality) as 

permeated flow through the MB, and a retentate stream rich in all species resulting from 

the methane dry reforming reaction (MDR) and the water gas shift equilibrium (WGS).  

The singularity of this kind of complex reactors is that regeneration of the catalyst is 

performed in the same reactor and simultaneously to the MDR reaction because of the two-

zone.  Due to the reductive behavior of the retentate stream, it can be fed to a bed of solid 

where up to two different oxygen carriers (iron oxide with additives and cobalt ferrite) can 

be reduced to their metallic state.  Once the solid has been completely reduced, it can be 

reoxidized with steam releasing a high purity hydrogen stream.  Both reactors (i.e. 

TZFBR+MB and SIP) have been coupled in different degrees. A performance (hydrogen 

and energy yields) as well as costs analysis (fixed assets and operating costs) have been 

performed with the aid of Aspen HYSYS v9.0, used for dimensioning the equipment needed 

to process up to 1350 kg/h of biogas.  On this way, the integrated process enhances the 

efficiencies of every single process allowing pure hydrogen yields up to 68 % at 575 ºC in 

the TZFBR+MB and an overall energy efficiency greater than 45%. Production costs have 

been found to be in the range from 4 to 15 €/kg, still high but not so far away from the 

target of DOE fixed in 2 $/kg by 2020. 
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1. INTRODUCTION 

To achieve a society based on the use of renewables, the ongoing reduction of the greenhouse 

emissions caused by the consumption of fossil fuels is a must. In this context, hydrogen emerges 

in the so called Hydrogen Economy [1] as a vector capable of fulfilling most needs.  

Nevertheless, since hydrogen is not found free in the atmosphere, its production implies a 

serious drawback:  currently, most of the hydrogen production is still carried out through steam 

reforming of fossil fuels such as natural gas or gasification of coal [2]. 

Present work proposes the production of high purity hydrogen by dry reforming (MDR) of the 

methane contained in a biogas. This raw material, consisting basically in methane and carbon 

dioxide plus other impurities (H2S, NH3, siloxanes…) [3], is produced by anaerobic digestion of 

organic matter and constitutes a clear renewable source. The original proposal consists in 

making use of methane dry reforming of biogas (MDR) in two non-conventional reacting 

systems instead of the traditional steam reforming of methane (MSR), and the subsequent 

hydrogen purification by pressure swing adsorption (PSA) cycles. The first system consists 

(TZFBR+MB) of a two-zone fluidized bed reactor (TZFBR), where due to its design, it is 

possible to carry out both the catalytic dry reforming reaction in one of the beds and the 

regeneration of the catalyst simultaneously by supplying the optimum flow of an oxidizing 

stream in the other [4]. The inclusion, inside the reactor bed where H2 is being produced (i.e. by 

MDR), of a Pd/Ag hydrogen permselective membrane (MB), provides the traditional 

advantages of a membrane reactor [5,6], allowing the in-situ extraction of a high purity 

hydrogen permeate stream. Also, due to the features of permselective membranes, the shift of 

equilibrium towards products allows achieving higher methane conversions. This configuration 

allows intensifying the hydrogen production and its  purification avoiding the use of costly PSA 

cycles [7]. A bimetallic Ni-Ce catalyst supported on alumina based in recent previous works [8] 

has been employed in this reactor. 

The second system proposed for producing and purifying hydrogen consists in the steam-iron 

process (SIP) [9].  This is based in the redox properties of metal oxides (e.g. iron oxides).  In 
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brief, hydrogen is produced by reoxidation with steam of a previously reduced metal oxide, 

being easily separable from unreacted water by condensation. Since any stream with sufficient 

reductive capacity is suitable for being used in SIP [10], the possibility of using both, biogas or 

the exhaust gases coming from the TZFBR+MB reactor is proposed in the present work. 

Profitability of this process is based on the capacity of the metallic oxide used as oxygen carrier, 

to support the largest possible number of redox cycles. This forces, on the basis of the results 

obtained by this research group with different raw materials [11–16], to use moderate 

temperatures (ca. 700 °C) in order to avoid loss of activity due to severe sintering of the solid. 

On the other side, the use of low temperatures favors the production and accumulation of coke 

along reduction stages. That supposes an important operational problem because of an eventual 

reactor clogging and above all a suitable contamination of H2 by COx in the subsequent 

oxidation stage. To cope with that, it has also been studied the interspersing of coke combustion 

stages with oxygen [17] at every given number of redox cycles, as well as co-feeding of steam 

along with biogas in order to prevent the eventual formation of coke [18]. In these studies, 

synthetic hematite and cobalt ferrites have been tested as oxygen carriers.  

The aim of this work is the techno-economic analysis of combining both processes (TZBR+MB 

plus SIP) versus using both systems alone.  For such purpose, a mathematical model of the 

whole process has been built that will serve to analyze the effect of different operating variables 

such as: operating temperature in TZFBR+MB, the methodology employed to prevent the SIP 

reactor clogging by coke, and the grade of integration (IG), defined as the relation between the 

biogas flowrate fed to the joint process (TZFBR+MB plus SIP) versus the total biogas flowrate 

fed to the system (i.e. including the fraction bypassed to SIP (eq.1). (See Figure 1). 

   
                      

       
        (eq.1) 
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2. EXPERIMENTAL 

Prior to modelling the joint process (TZFBR+MB plus SIP), the experimental work has focused 

on the analysis of the effect of different operating variables that presumably will affect the use 

of synthetic mixtures CH4-CO2, simulating a previously desulfurized biogas.  These trials have 

been carried out with each one of the systems (i.e. TZFBR+MB on one side, and SIP on the 

other) operating individually. 

2.1. Two-Zone Fluidized Bed Reactor + Membrane (TZFBR+MB) 

A battery of different tests was made in a quartz reactor with an internal diameter of 2.8 cm and 

30 cm of height, using a porous quartz plate to support the bed of catalyst and act as distributor 

plate. Methane and carbon dioxide were supplied at a middle-height point of the reactor bed 

using a T-shaped dip tube also made of quartz with 4 mm of external diameter. The regenerating 

agent was fed at the bottom of the fluidized bed through the quartz porous plate mentioned 

above.  Two metallic membranes (REB Research), were immersed in the upper side of the 

fluidized bed with the aim of extracting hydrogen as permeate.  These were 15.2 cm long, and 

had an external diameter of 3.2 mm and a Pd/Ag layer thickness of 76 μm,  More details about 

the experimental set-up can be found in literature [19]. 

The catalyst used to promote the methane dry reforming reaction (MDR) was composed of 5 

wt% of Ni and 10 wt% of Ce supported on alumina (Sasol, Puralox® SCCa-150/200).  It was 

prepared using the incipient wet impregnation method [8]. 

The reaction products were monitored analyzing both the permeate and the retentate stream by a 

gas chromatograph (Varian CP3800) equipped with MolSieve 13X and HayeSep Q columns. A 

vacuum pump was used to induce the pressure gradient needed to favor the permeation of H2 

through the membranes. 

All the experiments were performed between 475 °C and 575 °C, by introducing 93.75 g of a 

solid bed composed of 32 wt% of the earlier mentioned catalyst, and inert alumina to complete 
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the balance.  The particle size ranged between 106 and 180 m. Alumina was incorporated for 

increasing the height of the bed of solid and thereby increase the extension of the reaction zone 

in contact with the membrane. A higher surface of membrane acting as an effective permeating 

layer (i.e. increased immersed membrane in the fluidized bed) allows to enhance the results 

obtained respecting to the former ones [8]. An equimolar mixture of CH4 and CO2 simulating a 

sweetened biogas constituted 60 v% of the total flow fed to the reactor.  This mixture was fed 

through the T-shaped dip tube in the middle zone of the reactor.  The remaining 40 v% 

consisted of the regenerating stream.  It was composed of 10 v% O2, 5 v% N2 as internal 

standard and Ar to balance. The total flow supplied to the reactor was 235.5 (STP) mL/min. 

2.2. Steam-Iron Process (SIP) 

The reactor used for Steam-Iron (SIP) was a vertical quartz fixed bed reactor (Øi = 13 mm) with 

a bed of 2.5 g of solid (100 < dp < 200 m) composed of 67.5 wt% of oxygen carrier, 7.5 wt%  

of catalyst and 25 wt% of SiC (inert). A total flowrate of 250 (STP) mL/min was used in all 

cycles (i.e. a cycle is composed of a reduction stage and an oxidation stage). Every stage was 

monitored by means of an Agilent 490 μ-GC with columns Molisieve 5Å and PoraPlot Q, A 

Peltier cell acted as cool trap preventing water condensation.  

Two different oxygen carriers have been tested: the first of them is a synthetic doped hematite 

(known as “triple oxide”) composed of 98 wt% Fe2O3, 1.75 wt% of Al2O3 and 0.25 wt% of 

CeO2.  It was prepared by citrates method [20]. The second reactive solid was a synthetic 

aluminum doped cobalt ferrite with stoichiometric formula Al0.53Co0.6Fe1.6O4 synthesized at lab 

by a fusion method [21]. 

In the event of interspersed coke combustions for preventing reactor clogging [17], the inlet 

stream in reductions was composed of 25 v% of an equimolar mixture CH4-CO2, 5 v% of N2 as 

internal standard and Ar to balance. These stages were carried out at 700 °C. Oxidations with 

steam though, were performed at 500 °C in order to avoid the gasification of the coke 

previously deposited in the bed. In this case, the feedstock was composed of 25 v% of steam, 5 
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v% of N2 as internal standard and Ar to complete the balance. Finally, the coke combustion 

stages were carried out at 600 °C feeding a gas stream with 3 v% of O2, 5 v% of N2 as internal 

standard and Ar up to complete the balance.  

When water co-feeding was used [18] for avoiding the amount of coke deposited on the solid, a 

stream was used with an equimolar CH4-CO2 mixture accounting for 25 v% (same as the one 

fed in reduction stages without steam co-feeding), steam (5 to 12.5 v%) and Ar to balance. 

Theoretically, avoiding coke formation, it would be possible to increase the temperature of the 

oxidation step without the risk of gasifying the coke deposited along reduction stages.  This in 

turn, would allow the operation at the same temperature (700 ⁰C) in both stages (reductions and 

oxidations). No presence of COx was detected by micro-gas chromatography (≤ 50 ppm CO) in 

gases coming from oxidation steps. It was determined in our lab [17,18] that the most adequate 

solid for the first mode of operation (i.e. using interspersed coke combustions) was hematite, 

while for co-feeding of steam, cobalt ferrite was selected as the most appropriate one. 

3. PROCESS MODELLING 

The plant model has been designed for the continuous production of hydrogen using a 

previously desulfurized biogas. A flowrate of 1350 kg/h of biogas, composed of an equimolar 

mixture CH4:CO2 and supplied to the plant at 6 bar [22,23], was employed as basis of calculus. 

This flow of biogas represents, in volume, around half of the outlet stream produced by a waste-

water treatment plant located in Baix Llobregat (Spain) [24].  

Figure 2 and Figure 3 show flowsheets of the joint process, modeled with Aspen HYSYS v.9®.  

They present two different scenarios: when coke is burnt with oxygen in interspersed 

combustion stages between reduction and reoxidations with steam (Fig. 2), and those cases 

where steam is co-fed with the TZFBR+MB retentate stream (Fig. 3).  

It can be observed in Figure 2 that supplied biogas (tagged as CH4, CO2 -right up side of the 

figure-) is used to cool down the high purity hydrogen coming from the TZFBR+MB as 

permeated stream. Subsequently, the preheated biogas, as well as the air supplied as a 
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regenerating agent, are heated up to the operating temperature of the TZFBR+MB.  These 

streams exchange heat with those exhausts gases coming from the reduction stage of SIP (@ 

700 ºC). This last stream is burned with air in excess. Flue gases are used to rise the operating 

temperature of the TZFBR+MB up to 700 °C, as well as to satisfy the heat demands of the 

reduction stage, the SIP heating stages, and finally the energy demand of TZFBR+MB in case it 

is necessary. This reactor accommodates two simultaneous reaction: an endothermic, MDR 

(r.1), and an exothermic one, combustion of coke (r.2).  Consequently, depending on the 

distribution of products, the overall process may swing from exothermic to endothermic. 

                        
       

  

    
  (r.1) 

                 
          

  

    
  (r.2) 

The stream that has not been permeated through the membrane in the TZFBR+MB is directed to 

the reactors in which SIP reduction stage is being carried out.  It must be stressed that since this 

process operates in a cyclic manner, several reactors must be working in parallel, each one of 

them carrying out a different task (i.e. reduction, cooling, oxidation with steam, heating, burning 

of coke with oxygen, etc.).  Figure 2 presents a single reactor while at the reduction stage (left 

hand side SIP block shadowed in orange). Species present in the stream exiting TZFBR, 

basically H2, CO, CH4, CO2, H2O and N2, will reduce the Fe2O3 present in the oxygen carrier to 

Fe, as well as produce the in-situ activation of the catalyst, resulting in the formation of metallic 

Ni (active species) from the NiO present in the bed.  Distribution of gaseous products at the exit 

of SIP reactor, as well as the amount of deposited coke are determined by the thermodynamic 

equilibrium. Since reactors of the SIP process work at different temperatures depending on its 

duty, after reduction stage which operates typically at 700 ºC, it is necessary to cool down the 

reactor using for this purpose a closed-circuit cooling water that works between 35 °C and 45 

°C (see the stream labelled as “H2O” which refrigerates the SIP reactor in Figure 2).  

Reoxidation of the oxygen carrier with steam takes place at 500 °C releasing high purity 

hydrogen (“Oxidation” reactor in Figure 2). Water feedstock for oxidations (labelled as “H2O” 
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in Fig. 2) is preheated by the products of the steam oxidation reactor, as well as by the heat 

produced along that stage (reoxidation is an exothermic reaction) and finally risen to 500 °C by 

interchanging heat with the exhaust gases from the reduction stage (@ 700 ºC). The products of 

the steam oxidation (H2, and H2O) are finally separated by condensation by employing the water 

refrigeration circuit. 

Since coke does not react significantly with steam along oxidations at 500 ºC, after several 

consecutive cycles of reduction plus oxidation with steam, it is interspersed a combustion of the 

bed with air (“burning” reactor in the diagram of Figure 2).  The purpose for that is the 

combustion of coke with oxygen to eliminate the carbon residue deposited along cycles.   For 

such purpose, the reactor is heated up to 600 °C by the corresponding heating step.  In this 

operation, also the metals present in the bed (active catalytic species) are completely reoxidized. 

Once combustion has removed the coke present in the reactor, it is heated again up to 700 °C 

and the cycle starts again.  

In case of replacing the combustion stages by water co-feeding along with SIP reductive gases 

(see Figure 3), the process is severely simplified. The main differences rely in that a heat 

exchanger is added to vaporize and heat up the co-feeding water feedstock up to the temperature 

of the reduction stage. SIP is simplified to only two alternate stages: reduction and oxidation 

both carried out at 700 ºC. 

Both configurations use the flue gas streams for production of electricity through a Rankine 

cycle, employed to satisfy the energy demands of the process. 

The following paragraphs describe how each of the two reactors, TZFBR+MB and SIP have 

been modeled individually. 

3.1. Two-Zone Fluidized Bed Reactor + Membrane (TZFBR+MB) 

TZFBR + MB reactor has been modeled assuming that it will behave obtaining the same 

conversions and yields than those obtained in the lab-scale tests [19].  These were carried out in 
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a temperature range from 475 °C to 575 °C. The methane conversion (XCH4), hydrogen yield 

(YH2) and the ratio H2 to CO (H2/CO) at the exit of reactor (including both permeate and 

retentate streams) are shown in Figure 4. Considering these empirical results, an elemental 

balance was made to the entire reactor, obtaining the molar distribution of TZFBR+MB 

products. The heat demand was estimated from the global balance to the reactor, considering 

that it works under isothermal conditions. Finally, its sizing was carried out assuming that the 

space velocity in the lab-scale reactor will be to be the same to that in the industrial scale 

reactor, in order to keep the same fluidization behavior (same ratio of superficial gas velocity 

with respect to the minimum fluidization velocity). Also, the height/diameter ratio has been kept 

in comparison with the lab-scale reactor.  Consequently, also equivalent ratios of air flowrate (as 

regenerating agent), catalyst load and membrane surface respecting the actual biogas flowrate 

have been considered. 

It is expected that as result of a higher maturity of the membrane manufacturing process, it will 

be possible producing membranes with a lower Pd/Ag load to reduce its cost.  Keeping this in 

mind, in the present work it has been assumed that the membranes used on an industrial scale 

will present a thickness of 10 μm, maintaining the same perm-selectivity for hydrogen (i.e. same 

ratio between the flow of permeated hydrogen and the retained one as the experimentally 

obtained). 

3.2. Steam-Iron Process (SIP) 

As it has been verified in previous works of this research group using different biofuels [16,25], 

the modeling of the more complex stage of the SIP (i.e., the reduction stage) can be simplified. 

The simplification assumes that, due to the effect of the nickel catalyst, the decomposition of the 

feedstock supplied to the reduction reactor takes place instantaneously up to achieving the 

thermodynamic equilibrium between gaseous species. Then, the solid oxygen-carrier acts as a 

mere consumer of the reducing gases resulting from the feedstock decomposition.  Finally, once 

the solid has been completely reduced, the gas equilibrium is reached again. The results 
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obtained for both oxygen carriers tested (triple oxide and cobalt ferrite) [18] have been abridged 

by the definition of the parameters, yred, ycarrier and yox, as a function of the percentage of water 

co-fed with the biogas supplied in the reduction stage. 

     
                                       

                                                                  
 (eq.2) 

          
                                      

                                             
 (eq.3) 

     
                                      

                                                  
 (eq.4) 

 

By means of yred (eq.2) it is possible to know the flow of H2 produced as a function of the gases 

exiting from TZFBR+MB. Knowing this one, the required mass of solid can be obtained from 

ycarrier (eq.3).  Finally, yox (eq.4) allows the determination of the minimum flow of steam 

required for oxidations. Since the reactions that are taking place along the oxidation stage are 

(r.3) and (r.4), depending on whether the oxygen carrier employed is hematite plus additives or 

cobalt ferrite respectively, the amount of reacted solid as well as the amount of steam consumed 

can be calculated. 

                          (r.3) 

                              (r.4) 

 

Subsequently, knowing the reactions that take place along reduction stage for each one of the 

oxygen carriers used ((r.5) to (r.15)), it will be possible to obtain the total amount of different 

gaseous species consumed and produced in the redox cycle of the solid. Finally, the outlet gas 

composition that minimizes the Gibbs free energy (i.e. thermodynamic equilibrium) is 

recalculated again. By this calculation allow the estimation of the amount of coke deposited in 

the bed. In the case of steam co-feeding along reduction stages, the amount of steam required is 
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estimated as the minimum value expected for the deposited coke to be null, according to the gas 

equilibrium. 

                      (r.5) 

                      (r.6) 

                            (r.7) 

                           (r.8) 

                           (r.9) 

                                 (r.10) 

                          (r.11) 

                          (r.12) 

And in case of using cobalt ferrite: 

                              (r.13) 

                              (r.14) 

                                 (r.15) 

 

For cases where hematite plus additives was used as oxygen-carrier, a coke combustion step 

with air in excess was incorporated, considering that complete combustion of coke is achieved. 

The reactions considered are the following ((r.16) to (r.18)). 

   
 

 
               (r.16) 

       
 

 
                 (r.17) 

                  (r.18) 

Finally, once the quantities of each of the solid and gaseous species involved in each case (water 

co-feeding or interspersed coke combustions) are known, the corresponding global energy 

balances are applied to each stage in order to obtain their heat and/or cooling demands. 
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3.3. Steam-Iron Process’ reactor scheduling 

Given the intrinsically non-stationary nature of the SIP process, in order to obtain a continuous 

production of hydrogen it will be necessary to arrange several time shifted reactors for each one 

of the stages (i.e. reduction, cooling, oxidation, heating and burning). A number of three 

reactors have been established for each stage. In case of co-feeding water along with the 

reductants, the residence time for each stage (reduction and oxidation) was calculated by 

establishing a number of 3 reactors for the stage with the shortest residence time.  

In case of interspersing coke combustion stages, due to the need of performing heating and/or 

cooling stages, it can be up to six different stages: reduction, cooling, oxidation, heating, 

burning and heating. At the same time, it should be considered that the residence time of the 

reduction reactor must be multiple of the one for the fastest stage; otherwise there would be a 

waiting time that would not be possible to eliminate since the flow of reducing gases is imposed 

by the TZDBR+MB, and the mass of solid is established by the ycarrier parameter. It is hereby 

arbitrarily established that the heating and/or cooling steps last 10% of the duration of the 

reduction stage. On this way, the waiting times will come either from the oxidation stage, being 

able to increase the steam flow rate until eliminating standby times, or from the combustion 

stage, in which it will be possible increasing the air feedstock up to eliminate waiting times. 

Once the number of SIP reactors has been estimated, it is possible sizing them. An acceptable 

pressure drop of 0.5 bar [26] has been established. With the aid of  the Ergun equation, both the 

length of the reactors and their diameter have been calculated. 

3.4. Estimation of hydrogen cost 

Apart from the fact that an eventual combination of both reactors (TZFBR+MB and SIP) could 

result in an improvement or a deterioration of the H2 production, or the overall efficiency of the 

plant, it seems essential to analyze the cost of H2 produced in each case. This will be estimated 

from the simulation model, applying the percentage method already used by other authors [26], 

[27]. The cost of the equipment in the plant (reactors, pumps, compressors, heat exchangers, 
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turbines...) was determined by correlations that depend on the design parameters of such 

equipment [26,28–30] (See Table 1). Applying a series of percentages [22]: it can be fixed the 

costs of materials, detail engineering and construction and supervision. Summing up all of them 

can determine the “Inside battery limits investment” (ISBL). Then, the external costs (OSBL) 

are estimated as a percentage of the ISBL, and finally the “Total Installation Costs” (TIC) are 

obtained from the sum of both. In order to get the hydrogen annual cost, it is established that the 

amortization is a 10% of TIC, as well as that the insurance cost are a 1% of this one. The sum of 

amortization costs as well as insurance costs will constitute the annual fixed costs of the plant. 

The variable costs are: the cost of water consumed, biogas, electricity, membranes, oxygen 

carriers, and catalysts. In case a surplus electricity is produced, it is considered that this will be 

sold at pool market price [31]. The estimation of the cost of biogas has been fixed taking into 

account the relation between the Low Heating Value (LHV) of the biogas and that of the natural 

gas, according to [31]. Biogas price include its purification costs [32]. Table 2 shows the values 

considered as well as the interval of costs for some variables with a certain degree of 

uncertainty, such as the electricity selling price, the replacement of the oxygen carriers, and the 

cost of spare membranes. These values have been obtained from literature [26,31–36].  

 

4. RESULTS AND DISCUSSION 

4.1. Analysis of the global process efficiency 

Figure 5 shows the mass of hydrogen produced by 100 grams of H2 present (as molecular 

constituent of CH4) in biogas supplied to the process (i.e. CH4:CO2 = 1:1), depending on the 

operating temperature in the TZFBR+MB for each of the cases analyzed. The yield to hydrogen 

using only the TZFFBR+MB reactor (without any SIP post-treatment) is represented by a red 

line. The rest of curves represent different degrees of integration of both reactors (TZFBR+MB 

and SIP), i.e. different values of IG as defined by eq.1.  For example, green lines represent the 

yield to hydrogen using only SIP (IG = 0), and black lines the yield to hydrogen when all the 
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biogas supplied to the combined process is fed to the TZFBR+MB and then the outgoing 

retentate stream is supplied to SIP (IG = 1). The results plotted in continuous lines represent the 

operation with interspersing coke combustion stages and employing the additivated iron oxide.  

On the other hand, results plotted in dashed lines correspond to the operation using water co-

feeding along reduction steps and using cobalt ferrite as oxygen-carrier. 

Analyzing the operation with a single process, to obtain a higher production of high purity 

hydrogen in the TZFBR+MB (continuous red line) than in the SIP (green lines), it seems 

necessary to work at temperatures above 540 ºC. On the other hand, and agreeing with 

experimental results previously reported [17,18], it can be seen a slightly higher production of 

hydrogen when using additivated hematite (triple oxide) than when cobalt ferrite is used. This 

difference gets lower as the temperature and IG values are increased. The highest performance, 

in terms of yield to hydrogen, is achieved when both processes are combined with a total 

integration (IG = 1), independently of the temperature at which the TZFBR+MB process works. 

In contrast, in the case of a partial integration of both processes (0 ≤ IG < 1), the lower the 

integration degree the lower is the yield to hydrogen, measured as grams of hydrogen produced 

by 100 grams of molecular hydrogen present in the biogas supplied. This behavior is due to the 

fact that, although the composition of the stream supplied to SIP varies with the IG applied, the 

reducing capacity of this flow is actually determined by the gas equilibrium composition at 700 

ºC.  Regardless of the case studied, this equilibrium implies values of reductants/oxidants 

concentration ratios close to 0.75. As the efficiency of SIP is practically constant, the lower the 

flowrate of biogas introduced to TZFBR+MB (i.e. lower IG values), the lower is the amount of 

H2 produced, irrespective of the temperature at which TZFBR+MB is operated. 

Figure 6 represents the energetic yield (eq.4) obtained in each case analyzed above. These 

results do not make any distinction between the two modes of operation with SIP (triple oxide 

with interspersed combustions or cobalt ferrite with water co-feeding) since yields obtained 

with both of them are practically coincident. As it can be seen in Figure 6, the total integration 
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of both processes (IG = 1) allows increasing overall efficiency of the plant up to values greater 

than 45%. 

            
                              

                                      
     (eq. 4) 

 

4.2. Analysis of hydrogen production cost evolution 

Figures 7a and 7b, respectively show the cost of H2 depending on the topology of the system 

analyzed. These have been calculated for three different operating temperatures in the 

TZFBR+MB reactor. Costs do not differ substantially: all estimations are in the range between 4 

and 15 €/kg, taking into account that the degree of uncertainty of the method of calculation 

employed could be as high as around 50% [30]. The hydrogen production cost is high 

considering that in its estimation the impact of the subsequent stages of compression, which is 

necessary to supply hydrogen for fuel cell powered vehicles, has not been considered. Although 

some institutions have fixed the target in a selling price of 2 €/kg by 2020 (adopted as “central 

target” in Figure 6)  [37], at present a more realistic selling price would be rounding 9 €/kg [38].  

In terms of costs, the use of high temperatures in the TZFBR+MB can be justified.  In almost all 

cases (except for the one, as it could be expected, in which only the SIP reactor is used –IG = 0- 

), the cost of hydrogen can be reduced by using the highest TZFBR operating temperature. As it 

can be observed, and regardless which is the oxygen carrier employed, the total integration of 

both processes (IG = 1) allows reducing the cost of the produced hydrogen.  It is noticeable the 

fact that cost drops below 5 €/kg employing cobalt ferrites when, on the other hand, the cost of 

H2 using SIP alone (IG = 0) has similar values irrespective of the nature of the oxygen-carrier 

used. 

4.3. Analysis of Steam-Iron Process 

In order to evaluate what reasons might justify a higher reduction of the H2 cost when 

employing cobalt ferrites; it was carried out an analysis of some of the factors affecting both, 
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variable and fixed costs. Such factors are, among others, the net electricity production, the 

number of reactors used in SIP, and the total mass of oxygen-carrier employed. Figure 8a shows 

the net electricity production depending on the solid used in SIP, for all modes of operation in 

which SIP is carried out at some extent (0 ≤ IG ≤ 1). For the sake of simplicity, all results shown 

in Figure 8 have been normalized. 

Regarding the net electricity obtained, generally it is observed that the higher the temperature 

employed in TZFBR+MB, the lower is the excess electricity produced. Since all the energy 

demanded by the process is satisfied from burning of the exhausted stream from SIP reduction 

stages, the eventual excess of energy available will depend on the heating value of that stream. 

Thus, the higher is the temperature used in TZFBR+MB, the greater is the amount of H2 

produced, and the lower will be the heating value of the stream that feeds the combustor. This 

will be so regardless of the amount of reducing gases consumed in SIP process, resulting in a 

lower excess of produced electricity. 

On the other hand, when working with partial degrees of integration (0.25 ≤ IG ≤ 0.5), usually 

the lower the contribution of the TZFBR+MB (i.e. the value of IG) the higher the surplus 

electricity.  This is due to the fact that the amount of reductive species consumed in SIP is 

comparable, because the presence of the catalyst makes indifferent feeding mixtures of H2 and 

CO or CH4 and CO2.  The greatest differences are observed whether using triple oxide or cobalt 

ferrite. At 575 ºC, the surplus of electricity produced by SIP using ferrite is notably greater than 

using triple oxide. For IG= 0 or 1, the process is not self-sustaining, being necessary to buy 

electricity from the market. This is mainly due to the fact that the requirement of incorporating 

coke combustion stages, as well as continuous heating and cooling stages, implies a significant 

waste of energy. 

Regarding the number of reactors working in parallel that are required to keep the system 

running (see Figure 8b), it is practically negligible when using ferrites compared to the 

operation with interspersed combustion stages using triple oxide. This phenomenon occurs 
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because of two reasons: on the one side, the lower number of stages required when water is 

cofed (no need of regeneration), and on the other side the complexity of sequencing each of 

these stages when interspersed coke combustion stages are carried out. As can be appreciated, 

the greater is the degree of integration of both processes IG, the higher is the number of reactors 

required. An increment in the degree of integration of both processes implies an increase of the 

flow of inert gas in the SIP reduction stage.  The reason can be found in the dilution of air 

required as regenerating agent in TZFBR.  The dilution causes a decrease in the residence time 

of reduction reactors, since the amount of solids is predetermined by the flowrate of reducing 

gases, ycarrier. In case that the difference between the residence time of reduction and the time 

spent in the remaining stages increases, a larger number of reactors will be required in the 

slower stages to compensate their slowness. Given the greater number of stages that implies the 

operation with triple oxide, this phenomenon is much more pronounced when triple oxide is 

employed instead of cobalt ferrite.  

Finally, respecting the mass of solid employed (see Figure 8c), cobalt ferrite implies greater 

amounts of solid compared to triple oxide. This is mainly because of the larger amount of ferrite 

required for obtaining a similar hydrogen yield, since the mass of oxygen carrier contained 

therein is smaller compared to that of the triple oxide. Concerning the number of reactors, SIP 

reactors loaded with ferrites will be considerably larger than those working with triple oxide. 

If the results shown in Figure 8 are contextualized with the estimated cost of H2, it can be 

affirmed that the lower price of H2, obtained with the total integration of both processes (IG = 1) 

when using ferrites, is due to the fact of the greater simplicity of this process. This configuration 

implies the use of a lower number of reactors as well as involves obtaining a greater surplus of 

electricity that might be sold in the market. 

5. CONCLUSIONS 

The present work analyzes the technoeconomic viability of jointly operate two processes: i) a 

TZFBR+MB reactor for production (by methane dry reforming -MDR-) and purification of 
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hydrogen (by permselective separation with membranes -MB-), and ii) a SIP reactor to take 

advantage of the exhaust gases coming out from the TZFBR as a non-permeated stream.  An 

integration coefficient (IG) has been suggested to account for the degree of coupling between 

both.  The operation of each reactor working alone (i.e, TZFBR+MB or SIP) has also been 

compared with the coupled system. A noticeable improvement in both efficiency and hydrogen 

production was observed when both reactors operate jointly.  

The SIP operation has been analyzed by following two different strategies to cope the problem 

arising from coke deposition along reduction steps. The first method uses triple oxide as oxygen 

carrier and interspersed stages of combustion with air to remove any amount of coke present in 

the bed of solids. The second one uses cobalt ferrites and avoids the formation of coke along 

reductions by co-feeding steam together with the reductive stream. This last operation mode 

allows working at the same temperature in reduction and oxidation steps. 

The global analysis has been modelled using Aspen HYSYS v9.0. It has been tuned up from 

empirical results previously obtained in lab-scale plants in our laboratories. 

Regarding TZFBR+MB, it has been observed that its operating costs are lowered as the working 

temperature increases. High temperatures lead to better results by producing greater flows of 

permeated pure hydrogen. When working at high temperature (575 ºC) the operation with this 

complex kind of reactor has similar costs than operating the SIP reactor alone. For lower 

temperatures, the TZFBR+MB reactor clearly leads to the highest costs (Figure 7).  

The integration of TZFBR+MB and SIP reactors (i.e. IG > 0) seems to be interesting for both 

modes of operation: steam co-feeding with biogas and interspersing coke combustion stages.  

From the point of view of global efficiency, the coupled system enhances those found for single 

processes, allowing pure hydrogen yields up to 68% when working at 575 ºC in the fluidized 

bed reactor (Figure 5). In the same vein, the integration of processes leads to improve the energy 

efficiency, allowing to reach an overall energy efficiency of the plant greater than 45% when 

working with total integration (IG = 1) and high temperature (575 ºC) in the TZFBR+MB 
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(Figure 6).  Regarding hydrogen production costs, SIP using triple oxides presents similar 

operating costs than when using cobalt ferrites.  However, when TZFBR+MB and SIP are 

coupled, the greater complexity of the process and its higher energy costs (i.e. for heating and 

cooling) result in an unfeasible increase of hydrogen costs.  In this sense, the lower cost of 

produced hydrogen corresponds to the fully coupled system using cobalt ferrites (i.e., water 

cofeeding in the SIP) and the highest temperature in the fluidized bed (575 ºC), resulting in an 

estimated price of around 4.5 €/kg (Figure 7). 

All  prices for H2 are estimated between 4 and 15 €/kg which, although still far from the target 

of 2 $/kg  fixed by the American DOE by 2020 [37], as well as the 3.2 €/kg as H2 selling price 

considered by Bellotti et al. [39], are in the same range.  It is worth mentioning at this point that 

a high degree of uncertainty has been assumed due to the method used in the estimation of 

costs.  

Just to conclude, and despite the relatively high cost obtained for hydrogen, it is worthwhile to 

mention that using biogas as raw material would put in value a renewable waste that does not 

contribute to CO2 increase in the atmosphere. 
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 FIGURE CAPTIONS 

Figure 1.- Conceptual diagram of the joint process modelled 

Figure 2. – Flowsheet for the configuration of TZFBR+MB plus interspersed coke combustion 

stages in SIP 

Figure 3. -Flowsheet for the configuration of TZFBR+MB plus water co-feeding in SIP 

Figure 4.- Methane conversion (XCH4), H2 selectivity (YH2) and H2/CO molar ratio empirically 

obtained at different temperatures in TZFBR+MB [19]. 

Figure 5.- g H2/100 g of biogas produced for each plant configuration. Solid lines for SIP with 

triple oxide. Dashed lines for SIP operated with cobalt ferrites. 

Figure 6.- Energetic yield of the plant (Yenerg) calculated for each plant configuration according 

to (eq.4). 

Figure 7.- H2 cost obtained for each plant configuration, (a) using SIP with water co-feeding 

along reductions, and (b) using SIP with interspersed coke combustion stages, for three different 

operation temperatures at TZFBR+MB. 

Figure 8.-Normalized values of (a) net production of electricity, (b) number of SIP reactors, and 

(c) total load of oxygen carrier (mass), for each plant configuration adopted in the case of SIP 

(i.e. IG= 0) as a function of the TZFBR+MB temperature. 

 

 

 



Table 1.- Expressions for equipment cost estimation. 

Equipment Equation Remarks 

Vessels (V) 

          
 

 
 
     

  
 

 
 
     

C= cost (€) (2008) 

L=length or height (m) 

D = diameter (m) 

W= weight (t) 

e=thickness(mm) 

Heat Exchanger (HE)                           

                

C= cost (€) (2008) 

A= exchange area (m2) 

Reactors                       C= cost (€) (2008) 

Pumps                C= cost ($) (2008) 

Q= liquid flow (L/s) 

Compressors                    C= cost (€) (2007) 

W= power (kW) 

Turbines               C= cost (€) (2008) 

W= power(kW) 

Furniture         ,         

               

C=cost (€) (2008) 

Q= heat (kcal/h) 

Table 2.- Values of  raw materials costs and/or reposition rates employed for cost estimation. 

Raw material Cost Reference Reposition rate Reference 

Water 0.03 €/t [25] -- 

Electricity 0.12 €/kWh [31] -- 

Biogas 0.03 €/kg [29,30] -- 

Catalyst 15 €/kg [32] 0.5 (times/year) 

Iron oxide 2.02 €/kg 
[33] 0-4 (times/year) [25] 

Cobalt ferrite 3.90 €/kg [33] 

Membranes 1500 -7500 €/m2 [34] 0.5 (times/year) [34] 

Electricity sale price 0-0.086 €/kWh [29] -- 
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