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1.

iﬁTRQDUCTION;; :

The process désign‘qf'chemiéalipfocéssés‘ﬁéy be divided into
two broad phases.” ' One, a synthesistphasé,'is al1 activitigs
associated with‘the'Selection d£ thé‘pr6éés§ route or configuration
tpgether‘ﬁith the selection of the type of process units réquired for
- & given processing fﬁnction. The other is an ﬁnalysis phase
in which'the‘désign aﬁd optimisation‘of each gnit within a given
configuration or process scheme is established.

Historically, the discipline of chemicél-engineering has
_ been concerned primarily with fhe analysis phase éf process design;
in that it pioneered the concept of breaking down processes into”
unique procéssing séeps or 'unit opefatiéné'. . Most of these 'unit
operations' have now been_developed to a verf_high degree of
soPhisticétion. However, the syntheéis phase has not received the
same degree of attéﬁtion._ For examéle, the selectiop'of the optimal
process route for a givén proéess function froﬁ among a number of
possiblé process routes has been made to a certain extent upon the
process designer's experience and/or intuition, tﬁere‘being ne |
formal techniques available to assist in the selection,

Process synthesis hés been regarded more or less as an art
and consequently it has feceivedsvery little atténtion in chemidal
engineering research. |

Since the late 1960's, however; there has been considerable
interest in the process sjnthesié phase in an atfempt to providé
formal design teéhniques. Thehincréasipg complexity, scale and.
capital intensiyenéss of'tﬁe modérﬁ éhemical'process plant have
been among the’ principal reaéons'for this interest., More recently,

L

there has been the energy crisis.which has been of particular concern




2.
.to those processes which are energy intensive.

Of the techniques so far proposed in the field of process
synthesis, the use ?f 'ﬁeufistics‘ is:of major concern to this thesis.
'Rules of thumb' and 'guidelines' have been used sfnonymously in
the literature with the term 'heuristics'; The term 'heuristics’
is define@ 5y the Oxford p%ctionary asi’serving to find oﬁt‘or
discover'. However, the‘usérﬁf_the'term 'Heuristics' in the

 field of process syntheéis has been based on the interpretation
~given in Webster's DictionaryA;s_'sefviné to guide, discover or reveal.
Valuable for empirical research bﬁt unproved or incapable of proof....;.

Heuristics ﬁave been proposed as a means of preliminary

'screening to be used when a large number of process routes is’

possible for a.given processing function. They may also be used

as an aid in the design of the processihg schéme.r The literaturé.
shows that heﬁristics have been appliéa to the selection of the

optimal configuration of the disfillation columns required for the
separation of multicomponent féedstocké. This type of separation is
an example of the attitude existing prior to the recent interest in -
process synthesis in that the selection of the process route was in
most cases made on the basis of the process designer's intuition and
-egperiehce.

Distillatioﬁ_is'the‘most widelf used of-all separation
prdcesses'in the chemical process industries. It is also one of
the most energy intenSive:‘ Many techniques haye been proposed for
the reduction of the energy requirements of'inﬁi#idual distillation
colums. The nﬁmber'of distillation columns required for a given
separation of a multiéomponent feedstock into relatively pure

products is a function pf.the'numbérVof'products to be produced. For

the separation of multicomponent feedstocks by distillation, the




number of process configurations possible as a function of the
number of components may be-determihed from a relationship developed

by Heaven (1969). Table 1 illuétrates the results obtained from

this relationship. The physical arrangement of all possible

configurations for the separation of three, four and five compdnent

feedstocks into relatively pure products is included in the Appendix.

TABLE 1, Numbex of column configurations for
~ separating N components into N products.

Number of Components Number of column
: ‘configurations
2 | : f . 1
3. ..' 2
a7 5
5 14
6 _ " 42
7 . 132

If such a number of different configurations are possible for a given
separation, then it is conceivable that one of these configurations

could be optimal in terms of a given objective function. The

~ possibility that one of the cqnfigﬁrations will be optimal for a given

separation has made multicomponent distillation trains of interest
for the application of the techniques being develqged in the field of
process synthesis. The literature has indicated that considerable
energy savings should be pqssiﬁ}e by the seléction of the optimal

A

confiquration.




The selection of the optimal configuration from among the number of
configuratioﬁs possible will obviqusly be a function of a number of
process parameters. Some of thésé will be economic
parameters of the'envirpnment.in-which the'distillation plant is to
operate..‘ Several studies in the area have endeavoured to optimise
the distillation columns in terms of these economic parameters.
s these parameters are not comﬁon to éll plants, this s£ud} was
concerned solely with the effect of non—ecdnémic parametefs sﬁch as
the following upon the éeiecfioﬁ 6f:£hé.optiﬁal configuration‘for a
~given separation:=~ |

{i) . feed éomposition

(1)  feed component _ volatility

(iid) degree of recovery of the cgmponents
The literature has shown that several studies have been reportgd on.
the development of heuristics for the selection of the optimal config-
uration of multicomponent systems. This thesis thus initially
set out to investigate the valiﬁity of these heuristics as it was
felt that there may be limitations in the scope . of the analysis
used. A detailed investigation was then made of the effect of the
above parameters upon the selection 6f the optimal configuration for
a range of thrée, four and five component_fegdstbcks;‘ The. results
obtained confirméd that consideraﬁle energy benefits could be obtained
in certain instances. From a study of the proposed heuristics, it
was shown that a major obstacle.é#isted'which prevented.the'effective
- use of the‘heuri%ticé in process design. ?hiﬁ obstacle was the
inability fo specify the.process-cpnéitions under which each heuristic

would determine the optimal configuration. In particular, conflicts

existed between the heuristics in that the heuristics could propose




- different configurations fér the same process conditions. The
conflicts could not be clarified by the.design method and thus the
feasibility'of mathematicallf modeliiﬁé a system(s) of multicqmponent
distillation columns was inygstigaggd. j This'prpved not to be
feasible principally as a résult'ﬁé'éhé h;ture'of.the diétillatidn
process. However, an approximation.td a'mathematical rglationship
was obtained‘through the use qf'tﬁe neﬁ cénceptAof psgudo;components.
These cﬁm@bnents provided a means by which the interaction between the
heuristics could bé illustrated. |

A review of the previous.work will be given in Chapter 1.
In Chapter 2, the initial phase of the thesis will be described.
This phase wasl the study- °f, the effect of a range of process |
paraméters upon the selection of the optimal configuration for th?ee,
four and five component feedétocks. The results of this study will
be'given in Chaptér 3. In Chaptef 4,'the feasibility of mathematically
modelling multicomponent distillation systems ﬁill be discussed.
After this inVEStigation-showéd that it was not feasible to develop
suitable mathematical models, Chap£er 5 discusses the'concept of
pseudo~components which Werérused as an appréximation to a mathematical
relationship., The fesults of this study will be_given in Chapter 6.

In Chapter 7, all computer programmes aeveioped and used
throughout the entire study will be discussed. Listings of tbe
principal programmes will be included in the Appendix.

In Chapter'&i the'conqlusions‘reached in this thesis will

be given.

L
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CHAPTER 1. - REVIEW OF PREVIOUS WORK




- CHAPTER 1. PREVICUS WORK

l.l' Introduction

Until'recentiy, thelstudy of the optimal seﬁuencipglof
milticomponent distillation trains has received little attention in
the'literature.'“However; interest haé‘arisen in this area as a
result of”(i) activitj in fhe ﬁgﬁ field of process synfhesis
and (iii increasing energy costs.‘

Prior to the study of Heaven (1969), there had been very
little interest in the study éf the optimal sequencing of multicomp-
onent distillation trains. Following Heaven's work, King (1971)
also proposed a sef of heuristics which has been used in the recent
developments in the figld of process synthesis. The only papers

.published prior to this time were the following:i Lockhart (1947),
Harbert (1957), Rod and Marek (1959), Petyluk’e‘[; al., (1965),
Nishimu?a et al., (1971) and Maikov et al.,(1972), (1972a) .

All of.the previous.ﬁgfk can be conveniently divided into

two areas:~-
| {i) one in-which ﬁhe study of multicomponent

distillatiﬁn syétems.has been'maderi# an-at;empt tq.generatg guide-
lines  for the' selection of thefgptimﬁl.arrapgement of the columns
required for a given separation, Work.iﬁ this area can be further
divided into two areas in whicﬁlthe éhéljsis of the configurations
has been made by - | | |

(a) désign methods . H_ éna,

{b) bY'analytiqal'methods._.

(ii) one'iﬁ whiéh the - sequencing of multicomponent
distillation syétems has beeﬁ used as an example for the applicatién

of the techniques being deveipped in'the‘fiéld of process synthesis.




‘1.2 Methods used for the comparison of Multicomponent Distillation

Sequences.

1.2.1 Design Methods.

Lockhart (1947), the first reported study in this area,
.adopteﬂ.a design approach in which the cost of separation of a
feedstock was_determiﬁed_by the design and costing of the distillatien
plant required for thg various configurations. Lockhart considgred
a small numbe: of feedstocks associatéd with the processing of naturai
~gascline., Calculations ﬁere made of the size of the‘distillation.‘
columné reqﬁired for these separations to the extent of determining
the numbér of stages and the reflux ratio by the methods of Fenske
and Underwqodb respectively. From these investigations, Lockhart
proposed that the configuration in which thg components are removed in
'decreasing order of volatility was the optimai configuration. He
further suggested that should either the most or least volatile
~component be present in large amounts, then thaé conmponent should be
removed first. The principai contripution of this study was that
it proposed a configuration other than theAdifect configufation could
be considered as the optimum and suggested a fgedstock property |
which would justify this alternative éonfiguration.

Heavén'(1969j made ‘a’ considerable contribution as a result )
of a systeﬁatié'deéign analysis of'a ngmber_éf three component

feedstocks in which a fange of feed compositions and feed types was
studied. The thrée“component.feedstééks considered by this author

@

were as follows:-



(1) ‘iso-butahe,_n4butané, n-hexane
{dii) iso-butane, iso—péﬁtéhe;‘h-hexane
(iii) iso-butane, n-pentane, n-hexane
{(iv) | n-butané; n—péntane,_n—ﬁexaﬁe
N2 iso—bﬁtané, n-~butane, iso~pentane
‘The effect of feed composition was-studied using one
feedstock namely, iso—butane;‘n-butane and iso-pentane. The range
of mole fractlons of each component in thlS feedstock was varled
over the range 0.2,0.3 and 0.4.
A single four and fivg‘comppﬁeﬁt ?eedstockAwas_also
considered. - | | |
The cost of the separati6n of allzfeedstocks intq relatively
' pure products ﬁas determined fo;‘thé'poséibie,configurationslby a
_ detailed design procedure, Thé effect of component volatility was
. considered by using équimolal mixturés'éf‘the fhree component
fgedstocks. The effect of the presénce of a‘nén—key component
was considered by the introduction of a small fraction of a fou?th
component to theleqﬁimolal feed, comprising iso-butane, n-butane,land
iso-pené;ne. The fourth component was either ethane, propane, n-pentane
or hexane, |
The 0pera£ing preésure in gach‘célumn was economically
optimised for given economic parameters.
The contribution of Heaven'é work was that it was the_first
attempt to propose'a set of guidelin;s or heuristics based on the
use of systematic design and economic aﬁalyéis'for a range of process
conditionsg.
Heaven proposed a set of heuristics from this study and

these were subsequently reported by King (1971),




10.

The heuristics pr0poéed by these autﬁors were as follows:-.

) Separations where thé‘felative

.rvolatility_of the key components is élose to
uﬁity should be.performed in the absence‘df
non-key compoﬁenfs. .
 ‘1(II) : Separations which remo§e the components one
by one in the column éverheads should be
-favoured.

(XII) Sequen&gs which give a more equimolal &ivision
of the feed between the distillate and fhe
bottoms produéts should be favoured.

(Iv) = Seguences involving very ﬁigh specifid
recoveries should be left uﬁtii last'in
the sequence.

Hoﬁeéer, King developed these heuristics,in terms of the
thermodynamic net work consumption for the separation of liquid
mixtures. | |

The limitations in Heaven's work will be discussed ‘
subsequently in section 1.3, These, it is claimed, were as a fesult
of the small range of-feed coﬁposition and component volatility used
in the'study; |

Freshwater and Henry (1974),'(1§75) undertook a gimilar
desigﬁ and.econoﬁic'evaluation procedure. These authors considered
a wider raﬁée of both three and four component feedstocks fogether
with a range.of fivé-component feedstocks. A range of feed compos-
itions for the five pomponent feedstock was investigated instead of
the one composition considered bf ﬂeaven. However, fhe extent éf
this work will comprise paﬁf of the présenﬁ study and so will not be

discussed in detail in this chapter.




. The design and economic'evaluatién methods adopted by

Heaven (1969}, Freshwater and Henry (1974), (1955) were basically -
identical in principle. _The;e.studies used the 'short cut' technigues
for the'Qrocess design of tﬁeldistillafion columns. - In particular,
Underwood's (1946) method for the determination of minimum reflux
ratio, a quified Fenske (1932; method for total reflux and the Erbar=-
Maddox correlation (1961)'for'the nunber of eqﬁilibrium stages at
‘ the operating reflux ratio were used. Agreeﬁent was found between
thé results obtained forlthé nuimber of eéﬁilibrium stagés, the

minimun reflux fatio, togetﬁer with the.condenser and rehoiler heat
loads. A comparison of-these resultslh;s been provided in

Freshwater and Henry (1974);' As this‘agreement was to be expected,
this tabulation will not be includeﬁlhgye. ‘ Hoyever, the

engineering design of the columns to determine the diameter and
_ height of the actual numbef of stéges and shell thickness was
different in method and detail.

The criterion adopted_for the objective function was in

fact identical though it differed in the values of the economic
parameters used, = This criterion was the total annﬁal operating

cost, defined aé the sum of the annual depreciation charge for the
- capital investment required for the éolumns and,héat exchangers for
.each configuration, together with.the annual cost of the supply of
process cooling water and steam. - The significance of the effect of
differihg values of the economic éaiamete?s used was not considered

to be of‘éreat'conSEquehcé. ' Whe:évér‘iﬁ.the initiai phase of the
study common feedstocks_perﬁitted é cpméé?ison,.the relafive differences
between c0nfigﬁrations derived from both gfﬁdies,folloﬁed the same

trend.
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Absoluﬁe comparisons were‘difficult because Heaven had
adopted a pblicy of determining the economic optiﬁum operating
pressure for each column within a configuration. It is felt that
when-cqnsideripg feedstocks of a widér composition range than those
used by‘ Heaven, 't-his policy may have influenced the conclusions
proposed from this study. Howeﬁer; this aspect will be discussed
in more detail later{ Further difficulties were encountered in the
comparison of both results as a result of the interpretation of the
recovery fraction of each;component adopted by Heaven. Heaven had
~ adopted the definition of redovery fractioﬁ of a giﬁen component as
the amount of that combonent recovered in terms of the amount of that
component in the feed tb the-;olumn in which it is to be recovéred.
This policy is in contrast to the policy adogted in this study in
'which the recovery fraction is relateqlfo the amount of the component
in the feedstock to the configuration as a whole.

Rudd'and Tedder (1975) have used a sim;lar design and
economic method for thé evaluafion of siméle serial distillation
configurations of the type beiﬁg conéide:ed in this study together
with the more complex systems iﬁ which Sidestreams and multiple
feeds are used. However; the'sectioﬁ‘of the work in which the
simple systems are considered is of interest to this study.

These authors considered a range of seven, three component
feedstocks and seven feed compositions; The feed camponents used
. were tﬂe'élkanes from propane to n-heptane. = The objective function
used was the minimisation of the venture cost which was expressed as
a function of the annual operating cost and the total capital investment.

As in Heaven's.study, each cﬁlugn was-optimised'in :egard

to operating pressure and degree'éf vaporisation of the feed.




A criteria, the "Ease of Separation Index", was

proposed by these aufhors. This index was defined as follows:

K, . K,

KB'KB_

The index was proposed to show which separation was the more

E.5.I.

difficult in a three component feedstock.i For values of the E.S.I.
less than 1.0., the separation betweeﬁacomponents A and B would be
more difficult than between components B and C. For valﬁes greater
than i.o the réverse case applied. By the use of this index, these
authors proposed tbat distinction could be made between the two
configurations for a three coﬁponent sepération. The direct
configuration would be optimal for feedstocks having values of the
E.S.I. greater than 1.6. - The indirect configuration would be
optihal‘for values of the E.S.I. less than 1.1. For values of'the
index between thesé two values, the situaﬁion‘wés described as
doubtful.

The'rgéuits Obtained-from Rudd and Tedder's work were
compared with th?‘results obtained by Rod and Marek (to be discussed
in section‘l.B)'énd diségreemenfs‘wére;founa betweeniyhe'results of
the twolstudies. These wili be discﬁssed.in'égapter 6.

In the'definition of'tﬁe'E.S.i., a véiue of 1.0 denotes
an equal degree of diffiéﬁlfy or value of thé relative volatility
between components A an& B and betweeh'ﬁ,and.c. However, this
would be the case if the value of the relative volatility between
each péiﬁ of components in.a feédstbck ﬁas-l,S‘or 4.5, This index
does not allow for the different absolute values of the relative
volatility. Hoﬁever,,this,aspedt will.bé.discussed in detail in

Chapter 6.
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It is interesting to_nbte'that_Heaven also proposed an

index which was expressed as:-

X N
H.I. = Ke
K, .
K
[

This ipaex will also be discussed in Chapter 6.

However, Rudd and Tedder's work is principally concerned
with de#elopment of optimisation techﬁiques for use in the selection
of the optimal configuration for a giveh separation from among all
possibie simple and complex systems; I£ is in this area that.the
contribution of the paper lies.

The curzent study will discuss what.is considered to be
limitations in this work; These occur,through the definition of the

E.S5.I. and the small range of component volatilities used.

1.2.2. Analytical Methods.

Harbert (1957) proposed two broad principles for the
: sequenc1ﬁg of dlstlllatlon trains based on the concept of mlnlmlslng
the heat utilisation in the configuration. These were:-
(i). "The advantége‘of minimum quantities of difficult
separation” by‘whieh he.implied the later use of
King's heuri#tic I.
{(ii) - "The advantagé of fhe'50/50 split" by which he
.
implied the use.of King's heuristic III.
To overcome any difficulties or conflicts which may arise between the
use of these two principles fo:‘é given separation, Harbert proposed
the minimisation of the following expression as the criterion fo}

A}

column sequencing:=-




I MH.F Th
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- mbleeleﬁerhead product,times the latent
: heet of'veﬁorisatioh'
- F =a factor-toﬁcorreet'for the presencelof ' '
non;keyﬁeomponents | |
E T = boiling p01nts of the heavy and light keys

| respectlvely._;_

'_Thie exp;essiOn'was‘put forwahd as:beihg proportional :to
the total heat load of:the“qohfiguration; Harbert was aware of
the'posSible extent of‘the'varietion'in heat requirements'hetween'
the process configurations possible fefeany separation and was. |
convinced that the cost of supplylng heat was the only factor to be
con31dered in selectlng the optlmal sequence.'

Two further studies proposed the use of mathematical models
for the prediction of the optimal sequence. These were the
studies of Rod and Marek (1959). and Nishimura et al., (1971). :

ﬁo@ and Marek.derived a mathematical model to relate the
differences in the sum of the oﬁerhead veéour_fldw from each column in
a configuration to the composition and relative volatilities of the
feed.compohents. The overhead tapour flow wae_assumed to be directly
.prhportional to the cost of separatioh.‘ lTheletiterion was -

'where EV ' ZV are the sum of the vapour loads from the columns
in the dlrect and indirect conflguratlons respectlvely, and

V= _D(l.25R . ‘+l)‘ R
For a three component feedstock being seﬁarated:into pure components

" only, theioptimalityvcriterion"deveioped"wasz-
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A - {cA + 0.25)xA - 1725 xc

©RM

oA - 1.

where oA = relative vblatility référted to the heavy
key at the feed csnditions
xa, xc are'thé molefractions'of-componeﬁts
A and C. |
The criterion for the optimal sequence. was as fOllows:-. the
direct sequence for a positive Aand the‘indirect'seqhence for a
negative A
‘The limitations of.the model are as follows:—
{i) Pure.products iny were considered
(ii) Relative volétilities were determined at the
feed conditions
(iii) The use of the Robinson and Gilliland method for
| the determinafion of the.minimum‘reflux ratio.
The reas;ns for this and the'errors'caused will
. - .be discussed at length in Chapter 2.
{iv) The model assumed that the cost o; all
distillation plant is directly proportional to

the overhead vapour flow rate.

Nishimura et al., (1959) proposed a mathematical model

having an objective .function:in terms of fhe tower. volume and the
_reboilef heat load. The obﬁectivé function was then developed
in terms of the minimum number of equilibrium stages and the product
'specification.
These-authors‘propbsed gnradditional heuristic which
Qas 'that if any component is in excesé, thaﬁ the configurétion

which favours its early removal from the feed should be favoured'.

e e byt
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In a recent book by Ru@d, Powers and Siirola (l973),lthis heuristic
has been included together with those proposed by King (1971) as the
. group of heuristics to be used in separation process sequencing.

o On the other hahd, techniques have been reported for the
determination of the oétimal process route for processipg schenmes
. should an analyticai‘relétibnship be‘available between the objective
function and the pro;ess variables. For éxample, Ichikawa and Fan
(1973) bave developed alsearch method called Evolutionary Search for
Optimal Structure (ESOS) whithhés been shdwn to seleet the optimal
structure or configuration; sﬁbjegt t? various constraints. Howevér, -
the technique does requife a continuous function describing the
system. -

The remaining papers in thislarea afe-a group of Russian
papers, two by Petyluk'et al., (1965), (1966) and two by Maikov et al.,
(1972}, (1972a). These'papers are all Sasically similar in that they.-
develop'an optima}ity critefion for column sequencing using a
Thermodynamic Opfimality_' Index which is derived in terms of the net
worg consumption for the'separation”of iiquid mixtures.

-King (1971) had also ﬁééd‘this céncept in the formulation
of his heuristics. For example; King accépted the proposition that
the net work consumption for a distillation process is proportional
to the product of the interstage vapour flow and the difference
between the reciprocals of the reboiler and the condenser temperature.

- King sugéested that column seqﬁences should be arranged in such a
way that high values of both the:interstage vapour, flow and the
temperature differential should not occur at the same time in any
coluﬁn. * This would indicate_that'for the separation of a difficult

pair of components in the presence of another component, there would be a
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high interstage flow becausé'éf theﬁdiffiéult sepafation and there
would.be a higher tempérafure'différenﬁiél'because of the presence
of the third‘componeﬁt. This'would-suggest fhat the third component :
be removed first and 1eavé the difficult separation until last in the
sequencé. Similar p?incipies can ﬁe-applied to the reason for the
fémoﬁal of components oﬁe-ﬁy one in‘the'oﬁerhead product. Additional
components in the overhead st?éam'would increase the interstage vapour
flow. This was the féasoning fﬁr $iﬁgis heuristics (i} and (ii).

Howeﬁer, this proposition assumes that heat is added to.
and removed from the columns in a thermodyhamically reversible mannet.:
In this study and indeed in most disti;la;ion units, the processes
are performed abové ambient conditipnsg_and process cooling water
and process steam are used as the heét?trahsfer media. The temperat-
‘ures of both these media are:boﬁstah£; f' Wi;h thé'allowénce for thé
temperature approach required fo: the heat exchangers, the
temperature rahge over which_heat‘is‘éctualiy degraded is constant
and greater than the differenéé in temperatufe over a éiven column.

In this thesis, thé témperature differehtial over each |
 co1umn in all configurétions is the same in thermodynamic terms.
The net work consumption wbuld.then be a function of the interstage vapour
flow only. | |

Thus the contribufipn of the Russian ﬁork will be
discussed later in the thésis‘when studies have been made‘on the
feaisibility of the use of thermodynamic criteria for the selection
of the optimal configuration of an industrial distillation plant.

In a recent book, Rudd, Siirdla and Powers (1973) have
discussed the optimal sgquencing‘of separation probe;ses. - These

authors incorporated the five heuristics discussed previously in
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‘this review as part of a wider set of heﬁfistics to include other
physicai separation processes. .However;'for distillation processés,

a very simplified model is proposed for .use in the preliminary screening
of the possible alternétive_configura;ions for a given separation.

These authoré suggest that as a first approximation, the cost of
separation by distillatign‘is‘directly probort%onal to;ﬁhe feed rate

and inversely proportional té the felative ﬁélatility of the light key.
That is: -

Cost of separation o F
. o

These authors analyse various separation processes using this criterion.
| .

For exampie, a four component feedstock in which the separation between

the second and third components is three times more difficult than‘

between the first and second andlbétween the third andlfourth components,

is separated into four pure components. The relative volétility between

each pair of components is given by:f“ -

M2 T %4 T ¢ PUE 0y = 2
The total difficulties for the five possilile configurations

are then developed and are as fpliéws=

Configquration : ' , . Total Difficulty

(refer Figure Al in Appendix)

1 (4 + 9 + 2)

I
j
5]

I

(4 +6 + 3) = 13—

(2 + 12 + 2)= 165

w
RiM " @i " (W

4 (249 +4) = 15
r
5 (3 +6+4) = 13-
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It will be noted that configuration number three is the most
difficult. This is the configuxation‘in_which the difficult
separation is made first. Iconfigucatiohs‘fwo'and five are the
least difficult. These are the configurations in which the
difficuit sepafation'is 1eft‘ﬁﬁtil last in the sequence.

_ This approach is extremely approxlmate and of questlonable

) '

value. o Certalnly it does not cons;der any of the confllctlng
situacions which may occur throughhthe‘use of the heuristics.
The author's commente may be apélicebie when‘fhey'state "all‘thiﬁgs

being equal ...".

1.2.3.- Process Synthesis‘Methodef:'

: | Reference has been made to the.developments in the new
fleld of process syntheSLS. As a consequence renewed interest in
the optlmal sequenc1ng of multlcomponent dlStlllatlon trains has
been generated.

The field of procees syﬁthesis may be said to have
developed since the late 1960'5 and since-that time the literature
has seen much acti#ity in the ﬁany fecets of:this field.

Reviews of this development have been reported in the

literature and, in partlcular, reference should be made to the

paper by Hendry, Rudd and Seader (1973) and the book by Rudd, Slirola'

and Powers (1973).
Of the papers covered in these reviews, several have
been concerned with the sequencing of multicomponent distillation

trains, for example:- Hendry, Rudd and Seader (3973), Thompson and,

King (1972), Rathore, Wormer and Powers (1974), Hendry and Hughes (1972),

Powers (1972) and Freshwater and Zigou (1975).
As these are of direct concern to this thesis, they will

be reviewed here.
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The pr1nc1pal theme in most of the papers listed above
has been in the development of computer techniques using the various
synthesis techniquesvof heuristics end dynamic programming. The
type ofdp:oblem of interest.haelbeen‘tﬁe_epplication‘of these
techniques to the optimal sequencimg ofieeparation processes in
" which distilletion is_not the omly eeperation_grocess used,
| Quite sophiSticated,process_synthesis Programmes heve_been
’developed in this field, for,exampie,dtﬂe crogramme AIDES (adaptive
Initial Design Synthe51s) dlscussed by Powers {19272) and the Programme
dlscussed by Thompson and Klng (1972)". _ :hese'programmes have been
written on the basis that theidecisions made within the programme
are made using the various eigorithms and heurietice previouslf
proposed by the respective auttors.
The development of these programmeshas reached a hlgh
" degree of sophistication. This study, however, is concerned
~ solely with the feasibility and\eccutecy'of.the heutietics_edopted
for distillation trains and so these.progtammes wiil not be
discussed in detail. o
"However, as previously_teferredlto, one baper considered
the optimal sequencing of multicomponent trains using conventional
distillation columns.l This was the paper by Rathore, Wormer and
Powers (1974). These authors considered the five component feedstock
- used by Heaven (1969). This feedstock was to be separated intol
pure products onlf.- The design‘and economic evalﬁation method
used by ttese authors was the same as that adopted by Heaven.

Dynamic Programming, however, was used to determine the optimum

sequence.
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Some reservations have been made by Rathore et al., (1974)
of'thts method for.those processes in which feedback of information
OCCUrs.. This is contrary to ‘Bellman's Pr1nc1p1e of thlmallty.

- For these column sequences in whlch enerqgy 1ntegrat10n is carried out
then recycling of information_occurs. (This aspect will be discussed
in a’ subsequent section) Rathore et. al., noted this dlfflculty

and referred to the limitations ‘of the method of Dynamlc Programmlng
in that it requires (a) constant pressures in all columns in those
sequences using energy integratlon and (b) very Righ recovery
fractlons. o 7

Hendry and Hughes (1972) also considered the method of
Dynamic Programming in a study of a purification system for n-Butylene.
As in the other pepers in this area,'howeverﬂ separation processes

in addition to distillation were‘considered for each separation

Thus far, the available literature on studies of the optimal
sequencing of conventional distillation columns and sequences
comprised of distrilation as well as other separation processes,
has been discussedru In the former, each_distillation column has’
had an associated overhead condenser .and reboiler; that is, for a
three column conflguratlon, six heat exchangers were requlred.

Recently, several papers have considered modlflcatlons
to the traditional sequence in an attempt to reduce the enerqgy
consumption of the configuration. The'modificatiohs are:=-

(a) theﬁconcept_of‘ehergy integration through heat

| _streem matching and

© (b) the concept of thermal-couplihg.

Three papers are of interest in the former area. These are

R
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Rathore, Wormer and Powers (1974), (1974a) and Freshwater and
Zigou (}975), while in the latter, papers b?-Stupin and Lockhart
{1972) and Petlek et al., (1965), (1966) are relevant. The work
of Rudd. and Tedéer (19?5) ﬁas been disqussed previously. .

. The concept of energy integfation involves the matching'
or sharing of heat streams whetevér possible within a configuration.
Thus heét stkeam matching may be péséible between the sensible heat
of the feed streams and/or the heat ldads of the overhead condenser
and reboile:. Work reported‘t§ date has.considered only the matchingy
of the heat available between the condensation and vaporization heaﬁ
loads . ag these are significantly_greéter thanlthe sensible heat
loads of the feed streams. Also theséjprocesses take place at
constant tem@erature. The feasibility of hqat ;tream matching
depends on the aﬁailability of'the ﬁeaﬁ streams, that is, the
temperature and heat content. 1Tﬁrough this dbncept‘it has been
claimed, Rathore et al., (1974} that.more energy benefits may be
realised than through the usemgf traditional columns. Should
there be an imbalance between tbe heat loads to be matched, then
external sources would‘pfovidezﬁhié;d;fference-aé_in the case of
tréditional columns. - In this'cése, howgﬁer}-the he&t requifements
would be considerably'smaller.J- Rathqre et al., considered the
application of the éoncept.of ene;gﬁtintggrétion to the five
.éomponent feedstock cohsideréd by.Heavén @1969). This feedstock
was used by them for ﬁhe‘determina£ibh of the optimal sequence of
‘traditional columns. "qu_éasés‘ﬁere_EOnsidéred for heat energy
integration:- | |

(i} isobaric column‘opeiétidh . and

(ii) variable pressure
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In both cases, high recevery fraction of each component was specified,

Greater energy savings were reallsed w1th energy 1ntegratlon over
that obtained in the optlmal conflguratlon usmng traditional columns.
It is of interest to this thesis to note that the optimal eequence
was different in the three cases.

'Rethore et al., have developeg a'feasibility matrix ,
‘.and a set of rules by which the streamenbetween which eneréy
.integration was possible could be determiheg, " These rules are based
upon isobaric operation and very high reeorery rates. Dfnamic
pregramﬁing was also used to determine,the 6ptima1 con£iguration.
Freshwater and Zigou (1975)‘have'ehown thet in at least two of the -
cagses considered by them, Rathore's matrix is nottobeyed.

Whereas Rathore et al., had eonSidered only one feedstock,
'Freshwater aﬁd Zigou (1975) undertook a study, similar to the study-
of Freshwater and Henry (1974) for traditional column sequencee.

They eramined the effect of a wide range of process variables upen
energy integration for a range of four and five component_feedstocks;
‘That ié, a range of feed compoeitions;efeed components reletive“
voletilities and the Qegree of redovery'for four and five component
feedstocks were considered. | |

These authors were able to.show-the extent of variation of
“energy savings through the use of energy integration:and how this
benefit is affected by'the‘pertebations offthe'factore considered.
However, no formal'guidelinee‘were propoeed'for'the prediction of the
¢cptimal conditions and these authore felt thatlcensiéerably more
work was required.

| The concept of thermal coupling has also been suggested

in the literature as previding cost savihgs for the process of
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'multicomponent distillation; This concept, which it is believed;
was first proposed'by fetyluk et aZf;lhés also been considered By
Stupin and Lockhart (1972). Thermai”COupling‘offers reduction

in coét of separation through the rgdﬁétiqn.iﬁ the number of heat
' exchangers required. ' -For‘a'thrée"cégédhéntffeédstock‘being.sepérated
into three components by'distillatibn; £wqic§1umn§ are reguired but

in this instance the'function‘bf‘fhe‘ﬁverhéad céndenser and the
reboilexr of the fi;st column is caﬁried out withiﬁ the second column.
This arrangement eliminates the need fof_the éondensef and. reboiler

- of the first column. The three products are taken in the second
.cblumn, the iptermediate component being taken as a side stream_
._prodﬁqt. Whilst savings ﬁay be realised throﬁgh the reduction in.
.the nunber of heat ekéhangers requiied; no indication has.been_given

-~ in_ the iiterature of the additional design features necessary for

the secon& column or the<prob1em of high recovery of the intermediate
product. | | | '

Petyluk et al.; (lQGS)lpave'put‘forward a range of such
processing schemés for‘the sgpafationlof three, fouriénd moxre component
feedstocks. For theée feeéstocks, it is:prgposed that reduction in
the number of columns required may be'made.by‘ﬁaking more than one

. '
sidestream.

Stupin and Lockhart considered only a three component
separation and indicated that considerable cost‘benéfits were possible

by the use of Thermal Coupling.

1.3 -Evaluation of Previous Work

The principal areas in which limitations are considered to

exist in the literature are the following:-
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(i) = limitations in the existing studies which‘have

been usea as'a.basis for the formulation of the
~ heuristics
.

C(i1) lack of any sa%isfactofy quantitative relationship
available by which the prediction of the optimal
configuration can be made.

Decision criteria currently being used in the field of
process éyntheeis for the p;edietion of the optimel sequeneing of
seParation processes are incorporating the heuristics discussed in
the preceding Chapter. These heuristics have been derived from
two prihcipal areesﬁe

fa) ‘The studies of Heaven; Lockhart and others
l-._but principaiiy the study of-Heaven.in_which

| the hepristies‘were proposed as the result
of a study of a 1iﬁited number of feedseocks

_and, o | |
(b}. studiee of King and.fetyluk et al;, eased on
the thermodynamic anelysis of a cenfiguration. | |

The‘most comprehensive studies reported to date inlthe

literature are ehe'stﬁdies of.Heaven‘(1969) and Rudd and Tedder (1975).
However, it is claimed here that'tﬁere are limitations which must
be reeolved before sound design criteria can be proposed on the
basis of these studies.

These 1imitations,we£e_generated through the limited

consideration of the following:-

(i) range of number of component feedstocks
(ii) range of the relative volatilities of the feed
compenents-particularly in regard to difficult

separations =
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(iii) range of feed‘'compositions, particularly the
consideration of oomponents present in excess.

(iv) the lack of study of the position of the difficult
separation withip a feedstock.

{v) range of degrees of recovery.

‘The definition of the recovery rreotion and the use of the
optimum economic“operatiné pressure in each column.within a configuration
- may have had a masring effect.;

It is thoﬁght that the principal properties of the feedstock
_1nf1uenc1ng the opt1ma1 conflguratlon would be the feed comp051tlon
- and the component-relatlve VOlatllltY. The range of feed component
- mole fractions was too narrow iﬁ Heaven 's study. A far wider range
of'mole-frections should have been consideredr

It is claimed that this 1ieitation‘did'not permit adeéuate
corsideration of the effect of the_presehce of a dominant component in
a feedetock. .

The.effect of'the'preseocelof Qery difficulr separations
was not adequateiy invesrigated, For erample,'the selection of the
_ components for the feedstocks did not really provide a difficult
gseparation; the most difficult separatlon considered was that between
iso-pentane and n-pentane in which the relatlve.volatlllty is of the
order of 1 25. Separations: haV1ng relatlve VOlatllltleS down to the
magnltude of 1.1 or slightly lower, should have been con51dered The
possible. source of conflict between the beuristics as a result of
the position of e difficult.separation'end coﬁponents preseﬁt in excess, -
could not really have been resolved by Heaven 5 study. .

The p051t10n of a difficult separation and the 9051t10n of a

dominant component cannot be resolved adequately by the con51deratlon
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- of three. component feedstocks. | Further study is réquiréd for four
component feedstocks in which thé exfent of a component present in
excess could be similarly studied. T£is éspect could be studied by
allowing the feed cqmpdnent molé fraction to vary in the range of .
say O.i;- O.f.

. The sgame consideration.could be given to the degree of
difficulty of a separation as proposed in the three.coﬁponent
feedstocks. Of more signifi;ance, is the fact that four component
feedstocks provide three positions within‘the feedstack, in terms of
relative volatility, for the position of a difficult separatibn. In
the case qf a four componenf feedstOCRlcomprising A, B; Cand D
feédstocks éoﬁid be formulated in which a difficult separation occurred
eithef between A and B; B and-¢: or between C and D. Also the
influence of the presence of-non—key cdmpohents could be investigated
particularly when the non-key component was presenf in excess or
when one of the key components was present in excess.

" From the survey of the previoﬁs work, a number of
objective‘functions has been.proposed. ' These were.gconomic; process.
and thermodynamic parameters. The total annuval operating cost ﬁas
been adopted more widely than other criteria being used for example

A by Hea&en:‘nathofé et dl;, and Freshwater and Henry while Rudd and

Tedder (1975) havé_used the venture éost expressed as a function of
the total capital inﬁestment_and the annual 0pefating costs.

Use has also beéﬁ:madé of the following:;' overhead ﬁapour
flow rate, resoiler heat‘iﬁéd and fﬁé'fhefmodynamic net work consﬁmp—
tion as objective functions. - . All ofrthese parametérs will be
determined in the evaluation-of each conﬁiguration and thusltheir

feasibility as objective functions will be determined.




The review has also discussed the limitations of the

'repérted mathematical models. It is felt that the limitations of

these models are such as té'preqlude'their.use. Consequently, the -

development of such a mathématical model is still required and this

aspect will comprise a majér aspect of the thesis.

e b T e et - P e
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CHAPTER 2, APPLICATION OF HEURISTICS

2.1 Introduction ‘ o '

The literature relevant to the proposed field of
study has béen reviewed. This review has shown that there is need
- for further investigation into the.development of techniqﬁes for
the prediction of the optimal process route or configurqfion for a
_given process when a number of élternate pfocess.routes are possible,
The process to be éonsidered in this study is thé separation of a
multicomponent feedstock into its components by the process of |
distillation. There are two principal‘reasons for‘the‘selection
of this one process for the thesis. These are as follows:-

(ii .i Limitations in the available litératuré. While the
iitéréﬁure rgﬁiéw has revealed that previous studies
have been made 'in this are;, it was thought that
the results of these studies could not be

. generally applied in practice with any degree of
confidence.- |

{ii)" The induétrial importanqe of the process of
distillation for the'separation of multicomponent
‘feedéfocks.

In an era of evér ihcreésihg energy costs and as the process of
distillation is higgly energy intensive, fhe selection of the
optimal process route for a given separation may provide a reduction
in the energy consumption and_hence considerable cost benefits,

For example, petroleum refinefies currently use approximately 6%

of their feedstock as réfinery fuel. Of this, at least one half is

used for. the associated distillation operations.

e et Armor e
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It has been qommon ﬁrgéticé to éebarate a multicomponent
feedstock into.its comﬁonénts by a,tfain_of distillation columns,
~one less in number than the nurber of products to be produced.
Until récently, £ﬁe columns ﬁave been entirely 'traditional’
in thaf they are supplied with Qne‘fgédstock and produce two
products, oﬁe overhead and one bottoﬁ;_ Bach éolﬁmh-has an
‘associated overhead condensek and rgboi}ef.‘
‘It wés noted in the-iitéfatufé féview thﬁt conéideration
had been given recently to. the ﬁse of distillation columns inrwhich
the concepts of heat stream matchiﬁg and thermal coup;ing.have been
proposed aé a means of reduqing'the‘engrgy‘requirements oflthe
pfocess. From thése studies,‘it has_been cléimed in the literature
- that it may be possible to achievg‘greater epergy economies in
certain instances than would be the cése fof the same separation by
~the use of 'traditional' columns. While it is acknowledged that
such pbssible benefits may be realised by the use of these concepts,

they will not form part of this study. It is suggested that in the
deﬁelopment of techniques for the ﬁrediction of the optimal process
gonfigﬁration incorporating heat streém matbhihg or thermal coupling,
the knowledge of multicomponent sysfemélgenerated from this study of
traditional columﬁs would be of'usé.

| This thesis will be concerned with the feasibility of

techniques for the prediction of the optimal process configuration
- of a sequence of diétiliation columns having a-singlé feedstock and
producing two products only,.

In this Chapter, the proposed plan of the initial phase of
the thesis will be discussed. This phase waé the study of the
effect of the process configuration upon the‘separation of multicompon-

ent feedstocks by a‘design method. It would also proVide an opportunity
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"to assess the existing data and conclusions from the literature.
The'design and costing procedure adopted for the evaulation .

of each configuration will ve discussed in this chapter.

2.2, Méthod of Analysis

" The initial phase of the fhésislwas the generation of
qualitafive data which would illﬁsfrééé the effect of column con=-
figuration upon the separatibn‘of'ﬁﬁ;ée; foﬁr andﬂfive component
feedstpcks. Thig.investigati§nf§qn$iéered é wide‘ran§e of feedstocks
vérying in composition and.compéngﬁt'volatility, In particulér,
consideration was given to a faf wider range of variables thaﬁ has
been previously considered. | o

To select the optimal éonfiguration from among a number of
. possible configurations for a given separation, an objective func£ion
was :equired; In the review, tﬁe 6bjective functions used in previous
studies were discussed. The criteria to be used in this study will be
the total annual operating cost. Thié cost would compriée the
' depréciation cost of the total capitaivinvestment required forrall
distillation columns and heatléxchangers within a configuration,
together with the anﬁual cost of prbcess steém and cooling water
required for the reboilers and condensé;é respectively. Each process
unit within a configuration would be.designeﬁ to the.éegree which would
permit its accurate costing.

The method of analysis of.e;ch‘configuration was identical
in all cases. Tﬁe following specificatiOn for a given configuration
was made:-

(i) feed composition

(ii) operating pressure and hence the degree of

vaporisation of the feed
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(iii) ratio of the operating reflux ratio to the

minimum reflux ratio

{iv) the process topology, that is, the interconnection

of process streams within the cpnfiquration

(v) the degree of recovery of all components.

The process duty of ail diéti}lation columnsrand heat
exchangéfs in the configuration was then spécified. This was carried
out by a matefial balance in-which the flowratés, compositions and
teﬁperatures of all'proéess étfeams within the configuration wefe
deternmined, together with the précess des?gﬁ of;all columns and the
heat loads for the heat exchaﬁgers;

Because of.thé'large num£exi6f feedstocks to be considered,
use was médg in the initial bhase‘dfjthis-section of a commer;ially
évailabie computer simulafion programme to calculate the material
balances. The simulatiﬁh of industfiél prbcesses by éomputer is now
a well established design prqcedu;elin'thé_industry, particularly for
those processes inrwﬁich-recyc1ing of fhé pfoceSS'streams occur.

Many such comﬁuter paékagés are commerciallf available and consequently
will not be discussed heré; “ |

While the configurations considered in this study did not
incorporate any reéycling of process Streamé,'a'compﬁter simulation
packagé provided a réady means of'éffeéting‘the mﬁss-balances for the
large number of cases to be consi@é;ed:J In‘additiqn the package
determined the process design of'ali éélumns, cbndeﬁsers énd ;eboilers.
In the‘initial_phase, éccess was obtained tq_one 6f the cpmmercially

" available simulation packageé.ﬁhlthe ﬁniﬁéd Kingdom, where this phase
of the-study was undexrtaken by the author whilst on a sabbatical study
leave in the Depar£ment of Chemical Eﬁgineeriﬁg of the University of

' Technology, Loughborough, England. The computer package used was: that
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-developed by the Imperial Chemical Industries Ltd.'under the name

'Flowpack'. The package used by the author was the Mark 1 version
whlch has been recently updated and issued as thd Mark 2 version.

As well as maklng use‘of the executlve fac111ty within
Flowpaok_for the calculation sequencing, the distillation sub-
routine performed all calculations required for the distillation
c¢olumns. The exfentlof the design of ‘the columns made by theepackage
was as follows:—

{i} number of theoretical stages
(ii)‘reflux ratio
{iii)_locetion of feed cray

(iv) condenser and reboiler heet_loads.c

2.3 Specification of Variables

The cariebles which‘lnflueocelthe optimal'p:ocess_con-.
figuration are che followiho;-
(1) feed composition'
(ii) component volatilify _
(iii) degree of recove:y of all componente-
(iv) operating pressure of ellcolumns within the configuration

(v) thermal condltlon of the feedstock, that is, the degree

of vaporisatlon
{vi) type of condenser, total or partial

(vii) ratio of operating reflux ratio to the minimum reflux ratio.

Several of theservariables aie:subject to toe influence
of exteenal economic parameters. These variables are the operating
pressure in each column of the conflguratlon and the operating reflux
ratlo. These two varlables were not considered in the 1n1t1a1 phase
of the thesis, It was felt that the optimal process configuration

obtained under one set of economic values may not be optimal under
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another set. 1In the review it-was'uotsd that in one suudy, the
individual economic opmimum operutihg ofessures were used for each
column within a.configuratioh; It was suggested that this pollcy may
“have obscured the results obtained in the study.
| The effect of feed vaporlsatlon was not considered at this
stage., The dec151on was taken to con81der all feedstooks at thelr bubble
- point temperature for the column pressure.ﬁ
Thus the variables conSLdered 1n thlS phase of the thesis
were tue following:=~
(i) feed composition
(ii} feed component volatllmty
(iii) degree of recovery of all components.
The remaining variables were considered constant and wore given the
following values:=- -
(i) The operating pressure in each column was set at 100 psi. The
_selectidn of this pressufe_was made'on.tho basis of (a) common
" industrial usage; (b) a pressure at which.reliable data is available
and iu-oaruicular {¢) several previous studies had used thms pressure,
{ii) The ratio of uho operating reflux ratio to the minimum reflux
ratio was seﬁ at a value of 1.25. This ua}ue was used because it has
been shown from many studies inlthe.iiterature of theleconomic optimum
reflux ratio that the clasSicai curve illusurating the optimum reflux
ratio as a function of total cost exhibi;s a.slow-increase above the
value of the optimum reflux ratio. The value of 1.25 was considered

to be on this slow rising portion of the curve in most instances.

2.4 Design of Distillation Columns

The design of each distillation column was made in the
sequence in which it occurred in the configuration so that the input

stream to the next column in‘therconfiguration could be specified.




37.

' ) "
The cdluﬁns were desiéned as tréﬁﬁcolumns and the process'SPeCification
of the columns was made by the use of established 'short-cut' design
methods., Fenske's (1%932) method was used for the calculation of the
minimum number of equilibrium stages, Underwood's (1946) method for
the calculafion of the minimuﬁ reflux ratio and Gilliland and the
Erbar—Maddgx correlations for the number of equilibrium stages.at the
Qperating‘reflux ratio. The details of the ﬁethdds wili not be described
here as thegg methods ére readily available in standard texts on
Distillation. Howe§ér.tﬁeyrwill be diécgssed'in so far as their uée
' affected the analysié; |
It was acceptéd that thg_design of the columns by the short-
cut methods would be of sﬁf#iﬁiéht:accﬁﬁécy for the thesis. A comparison
of the results obtained was médé_by_spot checks with the use of a
rigorous method for thé énalysis'of multicompo;ent columns. The extent
of the variation produced iﬁ thésg coﬁparisons was cqnsidered to be of -
little consequence. O©Cn the other.ﬁand, the agreement was considered
to be very good and tehded to confirm the resﬁlts of Van Winkle and
Todd (1975). However this gspect will bé discussed later in the thesis;
The vapour-liquid equilibrium data used in the Qesign of the
columns was initially generated from Antdine consténts. The equilibrium
vaporisation values for all compongqts‘ﬁere derived as the vapour
pressure determined by‘the Antoiné'relatioﬁship divided by the column
pressure, The initial feed components ﬁeré considered to be ideal and
the data generated by the Antoine relationshp was considered to be of
sufficient accuracy for the low‘operating pressure within each column.

Later in the study, equilibrium values were obtained from Natural Gas
| ' (3)

. . (22) ]
Processors' Association data and the Chao-Souder correlation-
All 'K' data and enthaipy data were supplied to the computer programmes

in the form of three degree polynomials as a function of temperature.
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As stated, all feedstocké.;ere at their bﬁbble point
temperature for the column opéfating préssure. For eacﬁ feed this
temperature was calculated by a bubble point programme described in
the Appepdix. This ﬁroéfamme aaapted the Newton-Raphson convergence
method. | | | |

Subsequent to the mass balances and the process design of
all columns and heat exchangers within a configuration beiqg calculated,
further computer programmes wére written to design the distillatioﬁ
columns and heat exchangers to a degree from which quite accurate cost
estimates could be made.

ﬁach column was.considered as a valve tray column and
designed.iﬁtéccordéhce with the manual published by Glitsch (?) for
the design of thié é&pe of column, fhe-déscription of the computer
flow diagram used in the design of each columﬂ is supplied in the Appendix.
Similariy each heat exchangéf §asldesigned'to the extént that the heat
transfer area wés calculatéa;V‘The'désién,parameters used in these
calculations are listed in the Aﬁpeﬁdig,'

| Basically each column.was desigped:to the following extent:-

column diameter .
column height
shell thickness

~actual number of stéges.
qusequent to-this design'being made for each column, the capital
investment required was calculated by_thé cost prégfamme dévelopedlby
the author and included in the Appendix;‘ The total annual operating’
cost for each column was then aefermined as the sum of the annua;
depreciation charge for the caﬁi#al iﬁﬁestﬁent required for each column
and heat;exchanger and the annual-cdst.for the sﬁppiy of process steam

and cooling water.
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The design procedurg incorporatéd in the.distillation sub-
routine was‘as follows:-
(1) Underwood's method for thé determination of the minimum
-reflux ratio 7
:(ii) a moﬁified Fenske method for the determination of the
number of equilibrium stagés at tdféi.ref1ux conditions,
(iii) the distribution of compoﬁenté in the prodﬁct streaﬁs,
based upon total reflux conditions. |
{iv) the Erbar—Madaox-cdr?elation'for the determination of

‘the number of equilibrium stages.

In spite of the limitations in these short-cut methods for
the determination of the above conditions, the methods were used in

this phase of the study because of their wide .acceptance.

2.4.1 Calculation of Minimum Reflux Ratio

. Limitations.which wefe of paiticulér concern fo this study
arose through the use of the Undgrwood mgthod. These difficulties-
were as follows:- | |
A'(i) The aim of thelstudylwas the development of techniques
to be used to‘predict the optimal pr&ées# configuration. As will be
_ described later in the study, an‘gsPect of this development was the
formulation of mathematical models of a given configuration and iﬁdeed
the modelling of the differences betweenuall,ﬁhe possible configurations
for a given separation. The solution of the Underwood equations
Irequirea an iterative soiution method and:this requirement limited

the use of the Underwood method in a mathematical model,

In view of this'difficuity; a review was made of all other

methods available in the literature for the deéérmination of the minimum

reflux ratio for multicomponent columns. As it has been noted in the

review of previous work, Rod and Marek's (1959) study was the only

1
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‘reported attempt at afmathematica; model'for the comparison of process
~ configurations of distillation'columns. This model, while of limited
uee, as discussed in the literature, incorporated the method of |
'Robinscn'and Gilliland.(1950); The required solution did not need
: an iterative solution. rFrom the review of other methods in the

lf 1iterature,‘tne methods avaiiable“uere either more difficult or cumber-
some in their solution or required an iterative solution aa in

'Underuood'slmethod,'

A studf was made”of-theruse'of thelRobinson and Giililand

~ method and a comparison”nade between the‘results‘obtained by this method
for a wide_nange of feedstockg with the method of‘Underwood. The author

was not able to find‘any reference in“the iiterature to any eimilar

- comparison. As a result of the'inveatigation, it was found that

| reasonab;e agreement was neached betueen‘the two methods for multi—
component feedstocks in which the two key components were the major
-constituents. It was found that qulte large dlscrepanc1es were ev1dent
when feedstocks: contalned non-key components in substantlal amounts.

'As this etudy would be.cons;derlng:a w1de range'of feed compositions as
indicateo_ianable-z.Z and.feedstocnstin which the position of the two .
key components.uere to.be varied.to suit the.particular configuration
being'considered,_then the methoo of Robinson and Gilliland could not

be used.-

‘This difficulty, tocether‘with the necessary adoption of the
iterative procedure-required by Underwood's method, imposed great

problems which will be discussed presently.

Further, because of the w1de acceptance of the method of
Underwood for the determlnatlon of mlnlmum reflux ratios w1th1n

distillation technology througpout the-world, it was then decided that
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further work in this study would belmsed upon the use of the Underwood

method and that the associated limitations would be accepted.

As the edlution of the ﬁnderwood equations provides the same
number. of roots as the numbef of components in the feed, the selection
of the key components is 1mportant Howaver.;n all configurations
considered, the position of the keys was always as adjacent eemponents;
There was never the occasibn.when there was a component(s) existing
as a distributing component {s) befweeﬁ'the two keys. Thus in the
solutlon of the Underwood equatlons, only one root was required and
that root had a value less than the relative volatility of the llght

key component,

(ii)‘Anothee=difficg1£Yewi§h'phe use ef the Underwood equations,
" though not particuiar.te the Underwood method aloﬁe, arose through the
. interpretation of the value of the‘re;efiﬁe volatility term in the
. equations, In the derivatioﬁ of the;ﬁﬁderweed equations, two assumptions
are_made. These are:- a |
(a)'the relative veletiliﬁy'of ailxeomponents‘is constant over
‘the column length and . o -

{b) ‘constant molal overflow.

IHeWEVer in regard to tﬁe first aseumbt;on, the?e ie confusion.in the
literature as to the appropriateevalue‘of the relative volatility to

be used. Referring to the ofiginal papers of Underwood, no clarification
is given. Rather'the comment is made that "relative volatilities are
assumea_constant over the coiumn“., In the literature, for example;

Smith (1963) uses the eqbic mean of the relative volatilities ca;culated
at three temperatures, the feed'tempeeature, the dew point temperature
of the overhead product and the bubble pOlnt temperature of the bottoms

product, King (1971) uses the geometrlc mean of'the dew point temperature
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of the overhead produbt and the bubble poiht temperature of the bottoms
product. References are further made to arithmetric|and geometric

means in the literature.

A stgdy was made of this aspect, for it was felt that the
extent of this variation had to be established. Provision was made -
in the progranme developed.by_the author and described in Chapter III,
This frogramme basically replaced the Flowpéck package which was not
available te this study when tﬂe'author returned to Aus;ralia where the
study wasrcgntinued. By this modification to the programme, theleffect
.of the various interpretations'of the relative volatility could be

assessed.

. L
.~ It was found that quite considerable variation occurred as a

result of the interpretation in the value of the minimum reflux ratio
calculated by the method of Underﬁood. However in this phase of thé
work, the primary concern was in the generatibn of qualitative data. -
‘Throﬁghout the remainder of this phasé of the work, the value of the
relative volatility term to be used in the Underwood equations was
determined as the geometric mean of the dew point temperature of the
overhead product and the bubble.point.temperature‘qf the bottoms product.
-It must be noted.thgt from the review of the previous work, this

" interpretation was the most widely held.

It wﬁs noted above, fhat the Flowpack package had adopﬁed the
policy of the value.of the reléfive volatility term as being detgfmined
at the bubble point temperatﬁfe §f'£he.feed tq_each column. This
policy was no doubt brought about'becaﬁse of the nature of the
calculation procedure adopted iq‘the executive segment of the package.
Within simulation packages, proces$ stream gohditions} i,e., flowrates

rressure and temperature are detefmined‘fo; a given process item, say
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‘a distillation coluﬁn, by calling a subroutine by which thé design
of the distillation column would be ﬁé@e. If the overhead product
stream from this unit was fhe fged stream to another process item,
the information floﬁ would incorporate the conditions of the overhead
stream ﬁniy as the properties of the fééd stream to the next process
unit. Thus the Flowpack pagkage could generate resﬁits which would be
at variance with résults obtained by the‘éuthor's programme in which
the geometric mean déscribed abofe was used. ‘
{iidi) A.further difficulty arose from the use of the Underwood
method for the determination of the minimum reflux ratio by the Flowback
programme.  As indicatgdg later in this study when access was not
availéble to the Flowpack progfamme,.the author developed a programme
" which would perform, among other functions, the same function as the
Flowpack programme, For the solution of the Undefwoo@ equations, the
author adopted the con%ergencé-method-of Newton~Raphson whereas Flowpack
had adopted a modified Bounded False-Position method. During.comparison
of the results obtained by both programmes, it was noted at a éuite
late stage in this phase of the study, that diffefences existeé in the
valués of the reflux ratio obtéi;ed=5¥ both programmes under certain
circumstances. On investigation, it was fOuﬁd that an error existed
in the Elowpack programme through its use of the Bounded-False~Position
method. The reason for the-grror arose through arcombination‘of the
nature of ﬁhe Underwood equation in the vicinity of the roots and the
procedure incorporated in the programming of the method in Flowpack in

. an attempt to force the programme to a quicker convergence.

. It was observed that the error was quite significant for only
those feeds in which the non-key components were in significant amounts.

Unfortunately, as all of the results of this part of the exploratory
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phase of the thesis had used Elowpﬁck{ it was necessary to re—calculété
ali of the results thué.far. ) : '

Fortﬁnateiy, the error was found to be essentially a constant
arror ahd could be said to havé little influence on the results at tﬁis
stage. The aim was to. generate data to indicate the extent of the
variation to the total operatihg cost by the different process con-
figqurations possible for a given separation.- Quantitative data was not
being generated from this phasg of the work. Rather interest was only
in tﬁe relative differences in the'costs of each configuration.

In all subseqpént calculatiohs, the value of the minimum reflux
ratio was detgrmined by the Underwood equations incorporating fhe
Newton-Raphson convergence progedure only, All rQSults.obtained by the
Flowpack programme incorporafiné.fhe ﬁoundengélse-Positionlmethod

were re-calculated.

Verification of the fact that the method adopted in Flowpack
was in exror was confirmed bylthe Subervisor and iater acknowledged by
ICI and the solution procedurg was modified in the Mark II versiqn'of
the package. An'example'illuétrating the error will be included in the

- Appendix, .

2.5 Degreé of Recovery Specification

For éach"feed, each feed compogition and each process con-
figquration, three values of product recovery were considered. These
were identical for each compqﬁéﬁt in the feed and were the follbwing:
90%, 95% and 99%.

The specified degreé of recovery which was adopted in.this
study for each componént was defined as the percentage recévery of a
given component to the amount of_that‘cbmponent in the feed to the

configuration. The alternative definition was'to refer the amount of
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thg component fecovered'to the amount of the‘componené in the feed
to the column in which it ié to be recovered. Heaven (1969) adopted
this definition of recovery in his study. By the usé of this definition
an additional variable is introduced. For example, for components
recovered as.products in other than.the first column in a configuration,
the OVerél; recovery factor‘épecified is composéd of fwo récovery facto?s
which can be varied between two 1imits. Por a three coméonent_feed
compiising components A, B and C being separated by the direct sequence,
~then B and C would be recovered in the second column. If the recovery
of B was specified to be 95% then the &alue of the degree of recovery
of B in the first column would be within the.range of 95.5% and 99%
with the correéponding value of the degree of recovéry of B in thé
'_sécond column to provide an overall recovery’ of 95%.

Thus the;e is an optimal value of the two walues of recovery
in both columns. Wﬁile it was realised that this concept had merit,
it was not considered at this,stagef. The concept will however be taken

up at a later stage in the thesis,

2.6 Deséription of Experimental Procedure

The investigation as stated, proposed to study the effect of
" a number of parameters upon thé selection of optimal configurations,
InitiAlly,'a number of-fgedstﬁdks ﬁéie seiectéd thch it was felt would
allow the effect of feed composition and the degree of recovery to be
.evaluated. To examine the efféct of component‘voaﬁtilify a further number
of feedstocks were required. This section will discuss the selection of
the feedstocks used. |

Each feedstock was then analysed in an ideptical manner by the
design method described earlier in this chapter. The resﬁlts oLtained

will be given in Chapter 3.
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2.6.1 Selection of feedstocks to study the effect of feed composition

... and _component recovery
It was proposed to.limit.thg‘nﬁmber of feedstock components
to a'mgximum of five. Two factors inf;uencéd fhis decision., These wefe:
‘(i) For the separation'of five component feedstocks into puré
components, fourteen configuratibns are‘possible, whereas‘for six
component feedstocks, foity‘two cbnfiéuratioﬁs are possible. This number
of'configurations was cqnsidered.far too large a number for the physical
handling of the data and results, Moreover, it.is v;ry rare to have |
distillation plants in practice making more than four or five products.
(1i)} Trends eyident in four component feedétocks would be

éxpected to be applicable to five or more component feedstocké. With
| four component feedstocks there was. the possibility of considering the
-influence of the non-~key components upon the.optimal configuration.

For example,‘by the selection of the key‘compone%ts, a four component
feedstock. could provide,. in terms of.vqlatility, 6ne non~key component

on either sidg.of the key §ompénents. Purther it is poSsible to have
. two components as non—keys on either side of the keys. Five component

_ : .

feedstocks could proviae two non-keys on either side of the keys together
with one non-key on the other. -six component‘féedstgcks woﬁld provide
at least two components on both sides of the key components. Thus it
was felt that tﬁe influence of non-keys could be.adequately invéstigated
by considering four and five component feédstocks.

| The components selected fqr the three, four and. five component

feedstocks.are given in Table 2.1. These components wére selected for

‘the following reasons:

- (1) readily available and accurate data
(ii) previous studies had used these components
(iii) these components comprise the greatest tonnage of all

‘materials distilled.




TABLE 2.1

a7.

Components used in three, four

and five component feedstocks.
Feedstock ~ Components
Three n-Butane, iso-Pentane, n-Pentane
Four iso-Butane, n~-Butane, iso-Pentane,
n-Pentane
Five Propane, iso-Butane, n-Butane,

iso=Pentane, n=Pentane

As noted previo

usly, all feedstocks were considered to be .

~at their bubble point temperature for.the operating pressure used.

The range of feed composi

Table 2.2.

tions .used for each feedstock is given in

TABLE 2.2 Feed compositions for feedstocks
Table 2.1
Feed Type
Cogponent {Compositions .in mole fractions)
1. 2 3 4 5 6
(i) Three
component |
feeds _
.33 .8 .1 .1 - -
233 .1 .8 .1 - -
.34 .1 ol .8 - -
-{(ii) Four
component
feeds S o _—
A 25 7 5 R S | -
B 25 .1 .7 .1 1 -
c w250 .1 .1 . .1 -
D 25 .10 .1 .1 L7 -
(iii) Five .
component
feeds _ - _
A 2 .6 1 .1 .1 .1
B .2 I TR - S R | .1
c 20 a1 6 a1
D 2. .1 .1 .1 .6 .1
E 2 ' 1 .6
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It should be noted again at this point that of the reported
stﬁdies iﬂ the literature, the most comp?ehensive in terns of feed-
stocks considered,‘was fhe‘stﬁdg of Heaven (1969). 'This'autho:

" considered a small number of three componént feeds and coﬁpositions

together with one four and one five component feed. .

2,6.2 Selection of feedstocks to study the effect of component
" volatility

For the study of the effect of component volatility using
the design method used so far, certain inherent difficulties existed and
these were as follows:—

:(i) Low values of relative volatility between an adjacent
pair of componentS‘in'a féedsto&k cbmpared with the reiative vqlatiliﬁies
‘between the remaining adfacentjpairs of?compdnents in the feedstock
would make the former séparation more difficult than the latter. The
degree of difficulty would of course depend on thérabsoiute value of
the relative volatility of the 'difficult' pair. |

{ii) Associated with (i), is the possibility, the study of
which has not beep reported in the literaturé, that a difficult
separation may be dependent upon the.actuél value of the ;elative
volatility of the othér pairs_of components in the feedstock. For
example, for the separation of a threeicomponent feedstock A, B and
'C in which the relative volatilities for A and B and for B and C are
1.1 and 4.0 respeéﬁively, the quéstiop arises whether the separation
of components A and B will be‘as aifficult'when the relative volatility
between B and C has a value of say 2.0. This aspect has been conéidered
later in Chapter 7 and will not be considered further at this stage.

{iii) The pqsitiqﬁio£ thé"diffiﬁult Sepération within the .
feedstock may occur in any ofn;n—l' ﬁdsifiogs in.an 'n' component

feedstock.
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(iv) An additional difficulty and one to which cbﬁsiderable
atiention will be given léter in the study, is the possibility that
one of the components of a difficult pair could bg-the ?fedomihant
component in the feedstock. . In terﬁs of'the proposed heuristics, a
conflict would exist. On_the.one hand, one heuristic would suggest
the removal of fhe predominant component early in thélsegﬁence while
another would suggest that thé‘difficult separation be left uﬁtil laté
in the sequence.  ) |

Clearly,mthe studylof thé éffect of relative ﬁoiatility upon
the selection of.the optimal configuration could be made easier if a
suitable anélyticai relationship‘was av&ilable. As will be discussed
in Chapter 4, the possibilitylof;Such é relafionship is not feasible
and the study must be made uéing the design method so far used. As
Ia ;esult, a very large number of cases would be required to be analysed
in order to obtain meaningful results.

In view of the difficuities.described above, it was proposed
to investigate the effect of'comp&nentfvolaﬁility'in the“foliowing
ﬁanner:-' R | | |

(i) To consider the position of the difficult separation
within a feedstoék. It was deéided fo.use‘a four component feedstock
as this would provide three positioné for the difficu1£ separation,
Four coﬁponett feedstocks were.seiectgd‘in which a difficult separaﬁion‘
occurred in each of the three positioﬁs. Components were selected
~ which wonlé provide a vaiue 6f—felative‘volatility which could be
considered-as - difficult. However the absolute value of this figurer
was‘not.identical"in”all‘feedstocks;"This‘was‘hot possible as the
result of using actual compounds-for the feedstock., Later in the
study, use was made of the concept of 'pseudo-coﬁpdnents‘ which are

hypothetical components given properties so as to produce values of
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'the relative volatility of any_predetéf@ined Qaluef In all feedstoéks,
the degree of difficuity of the.diffiéait‘sepaféfién wés made to be

a value which WAS'considered to be fypicalzof a difficult_separation
in pradticg; The value was éisb‘éonsiderably léss than the relative
volatilities betwegn the other adjacent pairs of.components in the
feedstock. The four component feedstocks selected are given in

f Table 2.3. Values of the relative volatilities are also included.
TABLE 2.3 Additional four component feedstocks

to study the effect of varying position
of a difficult separation.

Feed . Componenﬁs vﬁi;:;iziy

1 iso-Butane .~ 2.65
iso-pPentane :::- 2.95
‘n-Hegane ’ :=>. 5 35
n-Heptane :

2 il-Butene ~ .5
'1-Pentene ::‘\ 1.17
n~Pentane, ::,; 5.45
n-Hexane ‘

3 o iso—Butane' ::,, 1.31
r_x-Butane > 2.76
'n—Pentane ::> 2.62
n-Hexane . : '

(i;) The ﬁext phase Qas to vary the value of the relative

) volatility of the difficult pair.. This inﬁestigation Qés made using
three component feedstocks instead of the fogr-components used
previously. Only two positioné were available for the difficult pair,
FiQé.binaryﬁfeédstocks were selected in which the xelative volatilify

varied from a low vaiue of l.Of‘Eo a high of 2.0. To each binary

|
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feedstock, a third component was added, in one case a- 11ghter component
and in the other a heavzer component so as to make in all ten three

component feedstocks. These feedstocks were formulated as follows:-

Type A 'i"‘fjxf'szpe‘ﬁt
-
B

where components A and B are the binary feed components end X and Y
the lighter and heevier components reepectiveiy. The relative volatility
' between components B and ¥ and betmeen componente X and A was selected
to be considerably greater than between components A and B, Table 2.4
gives the ten three component feedstocks formed while Table 2, 5 glves
the values of the relative volatlllty.

For each feedstock, a range of feed compositions was used
The ranges are given in Table 2.6

All of the above feedstocks were treated in the same way as
previously. The total annual operating cost and the reboiler heat

loads were calculated for each feedstock.
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Additional range of three component

‘Benzene -

TABLE 2.4 _
' feedstocks to study possible conflict
~in heuristics.
. Feed Component =~ . . Feed Component
la A Propane 1b Trans—~2-Butene
B Trans-2-Butene . Cis-2~Butene
c Cis=-2-Butene Hexane
- 2a A Propane : 2b Iso-Butane
B Iso-butane Iso~-Butene
c Iso-butene 'Hexane
3a A Propane | 3b Iso-pentane
"B Iso-pentane - ’ n-pentane
c n-pentane Heptane
) .
4a A Propane - ° - 4b Iso-butane
B Iso-butane n-butane
c n-butane - . Hexane '
5a A n-butane - . 5b . Hexane'
B Hexane Benzene |
C .Octane
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TABLE 2.5 'Relative volatilities of feedstocks
: given in Table 2.4 '

Relative Volatilities of Three
Components Feeds:
(Equimolar)

Type 'A' Feeds  Type 'B' Feeds

3.75 1.06

- :::> B ‘ S ,
.C::? B 1{08 ~ };: ; _ §‘5
>
>

2 A IR o
2,65 " .. 1.10
B T o
o 1.16 SR 9.29
3 A

7.9 118

1,28 5,01

1.36 6.05

>

>

::> . 5.92 | 128
>

> 2,65 . .‘A 1.32
> .

1.4 . 7.57
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TABLE 2,6 Range of feed compositions for
feedstocks in Table 2.4. '

Feed Compositions. (mole fraction)

. Component

' : (1) " (2) (3) (4) {5) {6)

LA 04 03 02 01 0.1 0.8

: ) ’ "". . ‘ —l : : N ‘, ‘ ‘ «

B . 0.4, 03..0.2 0.1 0.8 0.1

Y 0.2 0.4 - 0.6- 0.8 0.1 0.1

X 0.2 0.4 0.6 0.8 0.1 0.1

A 0.4- 0.3- 0,2 0.1 0.8 0.1

B 0.4 0.3 0.2 0.1 0.1 0.8

The results obtained from these investigations will be

given in the next chapter.
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CHAPTER 3. -  RESULTS OF DESIGN ANALYSIS
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CHAPTER 3. RESULTS OF DESIGN ANALYSIS

3.1 Introduction

In chapter 2, the iniﬁial phase of the study wés described.
This phase was the generation of qualitative data which would illustrate
the effect of column configuration_upoﬂ the separation of three, four
and five component feedstqcks into producté Qf vérying purity. The
data was to be obtgined for a range of values of feed composition,

' component volatility énd coﬁponént degree of recovery. The results of
~ this phase of the sfudymwill be présénted‘in this‘chgpter.

For the comparison‘ofithe é6hfigu¥a£ions possible for a given
separation,‘the objective funcfion.ﬁéedeés fhe_total annual operating
 cost for each configu:atibn. fhe desién‘metﬁod used to calculate the
.obfectiﬁe function hés been'describéd“in chapter 2. The results, both
design and economic,.obtaingd by thié méth6d'for each cdnfiguration
' were considerable. For example, fqr eagﬁ cbnfiguration{ a mass and
_energy.balance was madetana‘thié baiance‘pfévided'the flowrates,
compositions and_tempgrafureé of all process and  product streams, Frpm
this information, the deéign and subsequent‘costiﬁg of all process items
and utilitiés_for arconfiguraéion were made. All of the results obtained
for the 1argé number of cases considered_in.the study could not be
included in the text, Only the.valuesvdﬁ the.objective‘function, the
total annual operating cost, héve beenwreportgd,l A computer priﬁtout.
éhowing the results obtained for a.tQPidéi c&hfiguréfion has been

included, however, in the Appendix. -

3.2 Effect of Process Parameters
The initial éhase of the study progosed‘to consider the effect

of the following three parameters upon the selection of the optimal




configuration for a given separation:-—

{i) feed compoéition
{(ii)} feed component volatility

" {iii) degree of recovery of all feed components.,

“3.2.1 :feed comggéition‘ :
'Results which show the effeqf.of feéd cdﬁposition upon the
-'optimal cdhfiguration for the éﬁreé;mfAﬁr and five component feedstocks
'uséd; are givén in Tables 5.1,-3;2 and 3.3 respectively. Tﬁe feed _
-compositions used arelas given in Tabiéi2;2.' The cost for each con-
figuration is given as the total annuai Qperéping cost expressed in
Pounds Sterling, The-éeréentagés‘given are the differencé in ﬁhe total
annual operating cost for a given coﬁfiguratipn rglative to the corres-
ponding figure for the diréét”configuration.

-

TABLE 3.1 Total Annual. cost for three component feed _
comprising:~ n-Butane, iso-~Pentane and n-Pentane
for the two possible configurations.

N ‘T . ) .2
Configuration Recovery - .= ?eeé.?¥E9S"re??r‘Table_z )

_ L o g X .
1 . e0% ' 255,011 141,442 332,335 288,368
’ T 9ss "281,100; 154,654 370,752 315,442
99% 306,252 164,928 - 406,225 343,928
2 | 908 272,112 198,811 - 345,991 294,919
95% 297,374 211,126 384,926 324,820
993 313,746 222,440 406,722 339,097

Percentage Cost difference relative
to Configuration 1 ‘

2 90%  -6.3  -40.5 -3.8 -2,2
95% ~5.8  =36.2 -3.7  =2.9
99% S =2,4 . =345 =0.2 = +l.4

'.Table 3.1 gives the résults{fdr the three component feedstock. .
~Four feed compositions were used éhd for. each féed composition, three

degrees of recovery were specified. -
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Total annual cost for a four component feed

TABLE 3,2
comprising:- iso-Butane, n-Butane, iso-Pentane
and n-Pentane for five possible configurations.
(Percentage cost difference relative'to configuration 1 given'
‘ - in brackets.) ' '
CONFIGURATION FEED TYPES (refer Table 2.2)
AND RECOVERYl 1 : 2. 3 4 5
1 0% 382,349 . 30?,378lj4346,848'3.454,808 401,498
95% 420,354  335,418. - 381,075 . 502,100 429,246
99% 451,881. 354,173 - 403,663 ~ 546,388 476,172
2 90% 329,738 380,1495‘j350,839_ 465,490'. 405,320
(~4.5) = (-23.6) (-1.2) . (-2.3) (-0.9)
95% 435,550 407,169. 385,100 512,075 440,100
99% 471,214 436,869 411,209 556,623 479,117
(-4.3) (-23.3)  (-1.8)  (-1.8) (-0.6)
3 90% 407,345 366,439 424,112 . 473,038 399,366
(-6.5) (-19.2) (-22,3) (-4.0) (+0.5)
95% 442,823 393,290 455,494 520,925 434,575
- (=5.3)  (-17.3) (-19.5)  (-3.8) (+1.1)
99% 464,013 407,749 478,779 548,414 450,632
{-2.7) "(=~15.2) . (-18.5) (~0.4) {(+5.4)
4 20% 426,762 437,660f' 426,775 484,043 406,125
‘ (~11.6)  (-43.3)  (~23.0) (-6.4) {-1.15)
95% 462,030 464,650" 459,510 532,706 441,620
_ (-9.9) (-38.5}  (~20,5) (-6.09) (-0.5)
99% 486,698.. 489,790 484,538 559,012 459,716
(-7.7) (-38.3) (-20.1) (-2.3) (+3.4)
5 90% 403,362 317,956 413,325 ° 475,8487‘ 415,630
(-5.5) - (-3.44) (-19.2) (-4.6) (-3.5)
95% - -441;677 344,838 447,754 525,446 456,920
- (=5.0) (=2.9) " (=17.5) (-4.6) (-4.0)
99% 464,558 359,388 471,055 553,897 477,742
(-2.8)  (~1.4) (=16.7) (-1.37) {+0.33) -
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fable 3.2 gives the nesultsfﬁor-the tour component feedstoch.
. Five 'feed compositions .were usedrand again for each‘composition, three
degrees of recovery were.specified. The‘results are also given in
'Eigureh371.
-In all cases in this,thesis, the percentage difference between

.'conflguratlons is expressed as follows'—

.Cost of Direct COnflguratlon - Cost . :
of Indirect Configquration x 100%

-Percentage Difference =
' ..Cost of Direct Configuration‘

It mnst be noted'thatfthe total annual operating costs as a
functlon of feed comp051tlon have been given in the form of a 'bar'
chart or histogram. This is necessary-as the 301n1ng of the values of.
the total annual operatlng.coste to torm a curve would imply a function

'between these varlablesr' The ex1stence of such a function was not
':conSLdered but w1ll be con51dered at a later stage in the study.‘

_ Table 3.3 gives the results for the five component feedstock,
Six feed compositions were nse& together with‘the'three'degrees of
recovery. " The total annﬁal.opetatincjcosteiare given for the direct
confignration only. The coetsifotrthe'remaining thirteen possible
. configurations. are given aeha'percentage‘of the cost of the direct

configuration. The results are also given in Figure 3.2.

3.2.2 Effect of the Degree'of Recovery of the Components

The three values of the degree of;recovery of the feed
components were.éch §5 and 99%} ‘hs‘discnesed in Chapter 2, the aegree
“of recovery was deflned, in thls study, as the amount of the component
lrecovered as a percentage of the amount of the component in the feed
to the conflguratlon. The alternate deflnltlon is to relate the amount '
of the component recovered to the amount of the component in the feed

to the column in which the component is to be recovered.
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TABLE 3.3 Total annual cost and percentage .difference, relative to
configuration 1, for a five component feedstock comprising:-
Propane, iso-Butane, n-Butane, iso-Pentane and n-Pentane.

CONFIGURATION - ‘ FEED TYPES (refer Table 2.2
AND RECOVERY T ) 3 . s 5
1 99% 629,589 886,326 630,086 554,439 702,135 630,576
95% 591,313 795,305 599,136 526,043 650,031 586,250
90% 540,310 731,822 551,830 484,027 590,636 537,139
2 99% : -5.8 . =3,3- =22.0 -15,0 -3.3 -1.4
95% . -7.6 -9.3 «22.4 -15.5 -6.7  ~1.9
90% -8.8  =21.0 -24.3 -17.2 -7.1  -2.56
3 99% =2.7 -1.6  -13.2 -0.6 -1.7 = -0.4
95% -2.4 -12,5  =12.0 -0.2 -1.9.  -0.1
90% -3.2  ~-19.4  -13.5 -0.1 . -2.3 -0.8
4 99% -2,0  -1.1 ... -1.0 . =12.5 -1.3 -0.3
95%  -3.6, -1.36 =1.9 -13.2  =4,0 ° =3.2
90% -3,8 . =1.4 . -2.0 = -14.1 =3.98  -2.0
5 99% -2,3  -1.2 -8.3  -13.6  =1.5  =3.2
95% - -4.2 -0.5 -9.7  -14.4 4.4 -0.2
20% ~5.0 -1.0 -10.4 -16."3 -4.7 -0.8
6  99% -81.8  -76.6 =-136.0 -132,0  -40.0  -44.0
- 95% -86.2  ~-24.7 -142.6 + -139.0  -42,7  -48.0
90% -88,6  -28.0 .-142.8 -143.0 -44.1  -49.0
7 99% -83.8  -77.7 =137.0 .-145.0 =-41.3 _-45.,9
95% . -89.8. -26.0 -144.0 ~152.0 -46.7  -51.0
20% -92.5 -29.5 -147.0 ~157.0 -48.2 -52.0
8 99% -59.5 = -62.0 -14.0 -2.2  -54.0  -30.9
95% -62,5 -41.7  -13.0 -1.5  ~58.3  =32,0
90% -66,8 -45,6  -15,1 -2,0  -63.5  =35.0
9 - 99% -137.0° -139.0 -149.0 -133.0 .-89.0  -68.7
: 95% -142.0  =69,0 =151,0 =-137.0 =95.0 =72.,0
90% -149.0 = -76.0 -154.0 ~138.0 -101.0 =75.7
10 99% " . --140,0 -235.0 -159,0 ~149.0  -89.6 = =630
: 95% ~ =147.0 -140,0 -162.0 -154.0  =99,4  =69.0
- 90%  -154.0 -151.0 =-167.0 =156.0 =104.0  =73.0
11 90% -2.4  -96.0 -9.0 -14.3 -1.2 +6.0
95% - ~ -4.5 -69.0 -10.6  =-15.3 -4.2 +2.3
90% -5.8 ~ =73.0 -12.8 -17.4 . =4,7 - +1.4
12 99% . ~83.0 --173.0 -~146.0 -148.0  -41.0 ~3.42
95% -89,0 -95,0 -154.0 - -151.0 -46.7  ~40.1
90% -93,0 =~102,0 ~-155.0 -162.0 . -48.6  -43.4
13 99% -62,0 ' -158,0  -24.0 =17.5  -54.8  =24.0
95% -67.0. -112.0 =25,0 -18.5  -62.7  =29.0
90% -72.0 -120.0 -27.3  -20.4. -66.0 -32.0
14 99% -6,1° =98,0 - =23,0  ~15.7 -3.0 +4.0
95% ~7.9 =68.0 =23.4  -16.3 -6.1 +0.6

90% S ~9,7° ~93.0 =350 ' -18.4  -7.1 -0.41
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The effect éf fhe three values of the degree of recovery
used can bé noted.from Figures'3.3 and 3ﬁ4 which are the results for
the four and five component feedstdcks respectively.'-As-to be expected,
thelresults show that.the higher the recqﬁéry rates, the higher is the
cost of‘the sepération. ‘However the résplts‘do-indiqate ﬁhat higher
values of -the degree‘of recovery did not produce, in all cases, a
correspondingly higher value of the cost of the separation.

Several runs were made usiﬂg_a 98% component recovery rate
~in ordér3to compare the results'of'this sﬁudy with results of prévious
- gtudies. Both definitions were-used 50 as'tp compare the results and

also to indicate the effect of the two interpretations of the degree of

recovery. .The results, when using the same definition, were in agreement.’

Since this aspect has been discussed in' a previous publication by the
author (1974) it will not be presented in this study.
As the results obtained were those expected, there appeared

to be no justification for considering this aspect further.

3.2.3 Discussion of Results.of éectién 3.2,1 and 3.2.2

- Before consiéering the effect of tﬂe thi:d‘paraméter, Eomponent
volatility, it is proposed to -comment briefly upon the results given
in fhe previous two sections.

Firstly, the results have shown that the phyéical arrandgement
of the distillation columns for a given separation into the number of
diffefent‘configufations‘poséible does'have an effect upon the‘cdst of.
the separation. 'Theusize‘of the effect has been shown, for the fegd-
stocks used, to vary from insignificant to differences of the order of
"1.50%,

| Secondly, the resu1t§ hé#e“sﬁoﬁh,tbaﬁ fér the feedstoéks used,

the direct configuration was, in nearly call cases considered, the optimal
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configuration. 1In the very §mall number of cases in which this was
not_thé case, the percentage cosﬁ difference between the optimal con—-
figuration and the direct configuration.was very- small. However, before
any conclusions can be drawn from the fact that the direct configuration
was optimal in nearly all.cases,fit must be st;essed that the feedstocks
used did not contain a separation which coﬁid be considered difficult,
This eliminated.apy consideration of the influence of the presence of a
difficult separation:upon fhefselectibn of the 0ptimai configuration.
While the feedstocks did‘hot é#ntain any difficuitlseparations; the
values of the relative volatiiiﬁieslﬁéfweeg.ﬁll possible pairs of com-
ponents were not equal ana it.is ﬁﬁﬁ‘fbrwafd,that pntil the effect of
"component'relative volatility;is_studied; tﬁen no conclusions éan-be
.dfawn from these results ih regard tp'the efféct of the presence of a

difficult component.

Thirdly observations which caﬁ be made from the results may be
surmmarised as follows;-l o
(i) There is a cénsiderable variation‘in the cost differences
between the configurations possible for a gi§en éeparation.
(ii) The greatest cést difference occurred in those feedstocks
~in which thé lightest component was the predominant component.
‘(iiij Thé éost éf separation:éés greatest for those feedstocks
described in (ii) while the ﬁeverse QCCﬁ:red_fdr those feedstocks in
which the least volatile'component:was;tﬁé‘éreddminant combonent.
(iv) The degree of-reCovery‘gf the'gqmponents did not appear
to influence the selection‘of’?he bptimél ébnfiguratiop.
(v) For the separations in which the dixect configuration was
optimal, the next oﬁtimal confiéuraﬁidh from ﬁhose possible was not

‘predictable. - There were many cases in which the-
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0ptimal configuration, after the directlconfiguretion, could be
selected on the basis of one ot two of the proposed heuristics, though
there.were cases in which the heuristic thought to be applicable for
a given eeparation.did not apply.

(vi) As a result of the comments in (v}.it was felt that no
further observations were meaningful untiluthe?study was made of the

effect of the third parameter.

73.2.4.75tugy of the Effect of Conponent Volatility
| The four component feedstocks spe01f1ed in.Table 2.3 were
treated-in the same manner as the prev1ous feedstocks. Only one value
of component recovery was specified for each component. The value used
lwas 95%. The results obtained are glven in Tables 3. 4, 3.5, 3. é and
3.7. It is to be noted-that the'feboiler heat load rather than the
total annual operating cost has been useales-the objectife function.
In ail,of these tables, the differences'in renoiler heat loads of a
- configuration have been:enotessed esoa percentage*of the reboiler heat
load of configuretion one. fhe justification of the use of the reboiler
heat load as the objective fﬁnction will be.discussed in tne Apoendix.
The results are shown gfaphically in Figures 3.5, 3.6 and
3.7. In Figure 3.5 the_three caees denoteoxby I,_iI and III provide
the cost relative to configuration 1 ofAthe following:-

(i) Bars denoted by (I} indiceteﬁthe.relative cost for
an equlmolal feedstock 1n which no dlfflcult separatlon occurs.

(11) Bars denoted by (II) 1ndicate the relatlve cost for an
‘equimolal feedstock in which a difficult separation-occurs between
,components A and B. ‘

(iii) Bars denoted by (III) ;ndicate the relative cost for an
eﬁuimolal feedstock in which the difficult separation occurs between

components B and C,
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TABLE 3.4 Reboiler heat duty for each of the five possible
configurations for the separation of the following four
component feedstock :— iso-Butane, iso-Pentane, n-Hexane
and n-Heptane (95% recovery of all components). '

et e e 2

CONFIGURATION @ __ .~ REBOILER HEAT DUTY, GJ
NUMBER _ - R
P FEED -1 FEED 2 . FEED 3 FEED 4 ‘ FEED 5
1 - 4.253 - 3,386 . 4.22. 5.644 3.955
2. 4.39 4,431  4.43 5.581  3.639
(-3.2) © . (=30.1)  (-5.0) (+1.2) - (+7.05)
3 - 4.944 6,971 - . 5.74 6.383 ' 3.365
o (-16.2) . . (-105.8). (=36.0) (-13.1) (-14.9)
4 | 5,201 8.377 - = 5.982 6.351 4.051
D - (=22,3) - (=147.3)  (-41.7) {=12.5) {(~2.9)
5 4.589 - 3,651 . 5.486 -  6.024  3.46

(-7.91) . (-7.8) = (~30.8) (~6.7) (+12.1)

TABLE 3.5 Reboiler heat duty for each of the five possible
‘ configurations for the separation of the following four
component feedstock :~ l-Butene, l-Pentene, n~Pentane,
. n-Hexane. (95% recovery of all components)

- CONFIGURATION 'REBOILER HEAT .DUTY, GJ

NUMBER FEED 1  FEED 2° -~ FEED 3  FEED 4 FEED 5
R 10,025 0 4.132- . 13.96 . 12.73 4.34
T (0.0) - (0.0 - (0.0) . . (0.0) (0.0}
2 - 10,08 5,022 12,23 12.69 . 4.82
(-0.5) (-21.5) . (+12.4) (+0.3) (~33.9)
3 10.285 5.265- . 13.02.  13.06 . 4.45
(-2.6)  (-27.4) = (+6.7) - - (-2.5) (-2.6)
4 10.216 6.13 13.84 12.94 '4.46
(-1.9) (-48.3) (+0.8). (-1.5)  ({=2.6)

5 | 10.012 4,252 15.28 - =~ -
C o (+0.12). (-2.9) - (=9.5) ‘
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Reboiler heat duty for each of the five possible

TABLE 3.6
configurations for the separation of the following four
component feedstock :- iso-Butane, n-Butane, iso-~Pentane
and n-Hexane (95% recovery of all components),
] ' ’ E
CONFIGURATION REBOILER HEAT DUTY, GJ
NUMBER R e
- FEED 1 FEED 2° _ . FEED 3 FEED 4 FEED 5
1 11.046  '8.478° . 9,574  13.17 ' 12.59
(0.0) {0.0) (0.0) - (0.0) (0.0)
2 10,93 . 9.854 . - 9.636 12.94  11.922
' (+1.05) ~ (-16.2)- .. (=0.6) °~  (+1.76) (+5.36)
3 10.56 9,215 10,78 13.5 11.24
o (+4.39) . (-8.6) - (-12.6) (-2.5) (+10.8)
4 10.e8 .~ 10.61 - - -1l0,82  13.31 11.19
(+3.24) - (-20.1) - (-13.6) (-1.04)  (+11.4)
5 10.87 8.403 10.56 13.69 12,04
{(+1.59) (+0,7) (=10.2) (-3.9) {+4.4)
TABLE 3.7 Reboiler heat duty for éachfof the five possible
configurations for the separation of the following four
. component feedstock :~ iso-Butane, n-Butane, n-Pentane
and n-Hexane -
CONFIGURATION REBOILER HEAT DUTY, GJ '
NUMBER ~ — :
' FEED 1 FEED 2 - FEED 3 FEED 4 FEED 5
1 7.03 7.301 . 8.28 6.47 5.29
- {0.0) (0.0) 1 (0.0) (0.0) - (0.0)
2 6.9 8.54 8.3 6.26 4.73
(+1.8)  (-16.1) (-6.2) - (-3.28)  (-10,1)
3 . 7.533. 8.65 9.68 ~7.03 4,99
(-7.2) (-18.4) . (-16.9) - {~8.6) {(+5.7)
4 7.63 . 9.86 c9.742 6.89 4.99
: (-8.5)  (-35.4) (=17.6) (-6.5) (+5.6)
5 7.34 7.48  9.49 6.84 5.33
(-4.5) (=2,3} {~14.6) (-5.7)

(-0.6)
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In Figures 3.6 and 3;7-£he bars.I;'II and IIT denote the same feed
tyées as in Figure 3.5. . Héwevér in Figures 3.6 and 3.7, component A
and B.ére'predominant respectiﬁély.

| With reference to Figure 3.5,-(1),indicates that the direct
sequence iS'opfimal. {II) indicates that after configuration one,
configurdtion two is optimal; This implies that the separation of
- components C ana D is.made first to';eave the separation-of the difficult
separation between A and B untii last in the sequence or in the\aﬁsence
~of other components.' {(III) denotés'that'agéin after configuration one;
configﬁration five is optimal. Thié.implies that components A and D j
should be’rémoved early, leaving the difficult separation between B énd Cc
to bé carried out in the absence of other components. |

. The effect of a predominant_component is illustrated in

Figures 3.5 and 3.6, In Figﬁre 3.5 after configuration bne, which is -
again optimal, configuration_five.is opﬁimal, thus suggesting the removal
of the predominant component'f;rSt, In Figure 3.6, cohfiguration two is
optimal, which sﬁggests thatithé xemoval of the predominant first should
be made first even though the p?edominant'COmpénent_is one of the
difficult pair.

Conclusions which may be drawn from this phase of the investi-

"gation of the four component feédsto¢ké would_donfirm that the reason
. ) , o T o
fo; a given configuratién béing optimal can be expléined in terms of cne
of the-proposed heuristics; in‘éérﬁicuiérlheﬁ%istics I and iI of Heaven
and King and the heuristic pfdpased by‘Nishimﬁia et al, The fact that

‘configuratioh 1, which is ﬁeavenfs heuristié I,-was optimal in all
cases was felt to be a.résulﬁ'of the'pérticular value of ﬁhe relative
vblatility used in the }difficuit' séparatién.- If the‘selection of

'comp00nds as components ofrthé diffigult pair had provided a lower value,




then possibly different results would have been obtained. The

principal result from this section of the study is that it is not
possible to indicate under what values of feed composition and component -
volatility eachlheﬁristic will dictétg,the selection of optimal |

configurations.

3.2,5 Study of the Effect of Componéht'Volatility-using three component
feedstocks |

The three component feedstocks described in Tables 2.4 and 2.6
were treated in an identical hanner to the four component feedstocks,
‘The results obtained are given in Table:3.8. For each feed the resulf
obtained has been expressed in terms of percentage difference in the
" reboiler heat load and the ovérhead vapoﬁr flow rate. These latter figures
‘were'included in this table to iiluétraﬁe.thé similarity between the two
criteria for the type 'B’ feedsfocks. ’Theée figures indicate that for |
feedstocks in which the difficult separafioﬁ is'betwéen the two lightest
components, the overhead vapoq% rate could appear to be a valid criterion
fbr'ccmparison.of the two coﬁfigurations. This aspect will be discussed,
however, in detail in'cbapter 6. . S N o .

A study of the resﬁifé;givéﬁ in'fab;e 3.8 would suggest that
there is little significance:wﬁich éah'bé‘biaged upon them.' There are
_isolated cases in the table whéﬁe theiexpectéd results do not occur;

.for example, for feedstock‘lB having a feed composition of O.l,O.l,O.SI
it would be expected that the‘indiréct'configuration would be éptimal.
Iﬁ must be concluded from these results_fhat[they tend to confirm the
resulﬁs obtained in the previoué séction‘df-the-thesis. It is neceséary
. then that thére'must be'ﬁlarificationréf;thé conditidns at which a

particular heuristic will dictate thé seiectibn of the optimal‘donQ

. figuration.’
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'TABLE 3.8 Percentage difference in reboiler heat load (q,} and
overhead vapour rate (v} for various feed composition.

FEED COMPOSITION (MOLE FRACTION)

M e A B A B A B A B A B A B
Wou .
E. m-g 0.2 0.4 0.33 0.34 0.6 0.2 0.8 0.1 0.1 0.1 0.1 0.8
i - . ) .
® @& 0.4 0.4 0.330.330.2 0.2 0.1 0.1 0.8 0.8 0.1 0.1
® Mmo. ‘
o d 0.4 0.2 0.34 0.33 0.2 0.6 0.1. 0.8 0.1 0.1 0.8 0.1
1a 1.67 3.27 . =7.89 -4.53 -1.78 5.04
| . =l.8  -3.85 . 6.0l 5.6 - -4.42 -8.39
Y 3.44  7.21 10.5.  -14.78 . 2.95 2.54
dr 3.66 7.61 11.26  -14.68 2,97 2.68
on ¥ 2.96  2.46  -2.14  -18.48 1.67 9.19
9r 1.63  -3.83 2.32.  -11.93 ‘' -2.92  -8.39
s v 3.31. 9.4 1522 10.02 2.81 0.75
e 3.27  9.31 14.99 9.54 2.83 1.81
Vv ©1.16 0.83 -3.51  ~20.68 -2.46 6.48
9r  -11.6 . -11.54 - -6.23  -1.92  -12.64 ~3.98
g V=273 1.22 3.32 5.55 . 1.04 -8.36
9  -2.86  1.05°  3.09 4.08 . - 1,15 -8.37
v 0.88 -5.33  -16.9 - -39,0  =-2.93 11,58
Ar . -0.6  ~10.39  -13.42 --34.7 ©  -4.17 ~3.6
P -6.62 -2.57 1.93. 5.00  -0.02  -14,92
9r 665 -2.62  1.91 4.14  -0.06  ~14.9
& v 0,08 -2.56 . =10.02 -30.62+ =3,01 6.88
9r  _15.57 ©  -10.09 7 -5.73  -16.87  -13.41 = -8.42
4 -8.6 -7.2 . 7.95.  -B8.4 -2.17  -24.3
9r  -.g,24 7,65  8.06  -8,75  =-2.41  =25.3
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The results of the study of fhe.application of heuristics
presented in this chapter bave provided data on the efféct of the
number of process configuratidns possible for the separation of.a
multicombonent feedstock comp;ised §f-the simple hydrocarbons used,
Feedstdcké containing up to five components have been studied. For
feedstocks comprised of these components; then the results obtained
should assist in the selection of the optimal configuration for the
range of feed compositions, degréés'of-:eGovery;and the values of the
process parameters used ip the analysis. o | |

This sﬁu@y'has also shown that the selection of the optimal
configuration for a given sepafatiqh can be explained in terms of the
heuristics. Howevef the sfudylﬁas'nét.shown how toldete:mine, under
.giveﬁ process conditions, whicﬁ_héuriéfié Qiii decide the optimal con-
"_ figuration.. | | |
The study will now édnsidér the feésibility of the development
‘of.mathématical models for the‘predigtion.of the optimal configuration
as thig would appear to‘beIthe'oniylﬁéj'inQWhich differéntiation will

be obtained between the heuristics,
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CHAPTER 4. ' MATHEMATTICAL MODELS

4.1 Introduction

| The review of.the preﬁious work has shown that the comparison
. of configurations possibie fofjé giﬁen separaﬁion has béep maae by two
methods:- | |

(i) The design method which required the evaluation of an
economic objective fﬁnction obtained'byuﬁhe*détail design and cosﬁing
of all process items within theicénfiéuraii;h:;_This method was used
in this study. | |

| - {1ii) Anélytical methods in'wﬁich é-méthematiCal podél of the.
configuratiﬁﬁ is uséd to'determinerthe-optimal-configuration. The review
‘hgs shown that only tﬁo such relationships or models ofrmulticomponent
distillation systems have been.reportéd. These were the models of Rod
and Marek (1951) and Nishimura et al. (1971). .

The feaéibility of mathematically modelling a system of ﬁulti—
component'distillation columns was iﬁvestigated. The aim was ﬁo develop
é mode;lin the form of a mathema£ical‘relationship between a dependent
variabie which would be directly related to the total annual operating
‘cost of thé configuration and independenf.variablesuwhich would speéify
| the'given'separation. Should it be poSéiSle.to develop such a model,
then thhtlmodel could be used iﬁ the sﬁudy instead ofrthe more tedious
" and time consuming method which'has been ﬁsed so far. |

This chapter will describe the results of this investigation.

L)

4,2 Selection of the Objective Function for the Model

-The total annual operating cost calcuiated by_the design method
of chapter 2.could not'be analyticgily related to the variables specified..
in section 2.1 other than,.?ossibly, by multivariabkaregression analysis.
This pessibility was ‘not considered because as discussed-in.chapter'l, |

the actual value of the total annual operating cost for a given separation
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is dependent on the values of the'varioﬁs economic parameters used
throﬁghout the design and-ccsting of each configuration. It was-thought_
to be more appropriate to use a petameter from within the configuration(e).
This parameter would be required;tc belairectly‘felated tc the total.
encual operating cost and also to be related analyticaily to the requiredc-
process variables specifying the separaticn. |
| Frcm.the literature and confirmed ty this‘study {see BAppendix)
_the reboiler heat load can be taken as a direct indication of the
total annuel operatingvcost of a distillation unit, comprising column,
condenser and reboiler. Also for feedetocks at or near their bubble point
temperature,. the rebcilet heat load is approximately equal to the ccndenser
~ heat load. “ |
Thus two process parameters, the reboiler and condenser ﬁeat‘
1cads, can be.shown to be directly related to the total annual operating
cost within the limits of accurecy'reqcited for the study. (The accuracy
of this assumptlon will be dlscussed in chapter 7.) Either parameter
can be used as the objectlve functlon. The choice of‘which'parameter
is more suited to this study ie‘decided by which parameter can be more
reedily related to the.variables describing the given separation.
The reboiler heat load of a'distilietion column is determined
from an energy balance over the column, once the enthalpies of the feed
and product streams and the condenser. heat load are known. The rebo;let';
heat 1oad is then calculated frcm equatlon (4 1) |
qr = Dh -i-Bh +q ‘hf_ . . . (4-1)
The calculation of the rebcile:.heat.load :equires prior
knowledge.of the condenset heet ioad; ?ﬁrther, the cocdenser heat load

is related to the following:=
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(i)'overhead product rlow_rates- :
(iiiroperating reflux ratio
(iii) enthalpy.difference between'the eaturated vapourland
1iquid states of'theaoverhead?product per mele of overhead‘product,‘ae
followek-, i | |

q_ =V AH

 D(R + 1) AH | “." "-(4.2)‘
i nhere-Aﬁ is the enthalpy difference deecribed above. A_totallcondenser
has been used throughout the study.l : 

" Thus for the development;ofithe mathenatical‘model, the‘..
aSSumption‘will be made‘that‘the cost of“distillation'plant proceesing
' feedstocks at or near its bubblelpoint temperature can be taken as
o directly proportional to the overhead'condenser heat'load. The soundness
~-.of this assumption will be discussediin;the'light of.the conclusions made
- from the study-in chapter 7; | |

The development of an analytlcal relationshlp between tne.

overhead condenser heat’ load- and the- variables descrlblng separatlon

Y

Will_now be discussed;

_ 4.3l'Selection of Process Variables
| 'The.process;variablee uhicn.must be considered for inclueion'
in_such asmodellare ae-follows=} ‘ |
| -(i)' Feedstocklvariables‘conprisingi(a) the-feed conposition,‘
. (b} the ieed component_relativelvolatilities and . |

(c) the physical state of the feedstpck, i.e., the

‘degree of vaporisation. .-

.'(ii)' The product spec1fication or: degree of recovery of all

product components.
'i(iii) The configuratlonS'of;the columns.
(iv) - The operating pressure for each distillation column, "

(v} The value of the ratio of the operatlng reflux ratio

to the mlnimum reflux ratmo..
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Only the variables pndef hegds_(i),”(ii) and (iii) were
considered. As discussed in Chapter 2, the values of the cptimum reflux
ratio and the opeféting pressure are‘inflﬁenced by thelﬁalues of the
econqmic parameters uéed iﬁ!the‘design ana1§sis. It had beéh decided
'.that.the effect of ecoﬁomic pﬁr;metérs Whichrare_influﬁnced by external
conditions ;hould'not be included in suchia model; Consequently a
constant operating pressure and a constant ratio of the operating reflux
ratio to the miﬁimum reflux ratio, as used in chapter 2, was acqepted
fpr each column in. every Eonfiggfation.-

,Tﬁe mathematical model was therefore‘reqﬁired to'relate'the
overhead condenser.heat load to ﬁhe fdllpwing va:iables only:~
. (i) Feed compositi6n 

(iii Feed componeht relativenvolatilitiés

-

(iii) Product recovery specifications.

4.4 Development of Mathematical Models

The bésic aim in the dgvelopmeﬁt of_the‘ﬁodel was to.express
the three variables in equation 4.2, i.e; overhead prodﬁct flow rate,
the oberating reflux ratio and the overhead product enthalpy‘différence
in terms of the variables described above. | |
Unfortunately this was not entirely feasible and the 1imitations
in déing this will now be described. These limitations were in the -
- determination.of the following:- |
(i). the distribution of non-key components

(ii) the relative volatility of cpmpdnents in the second

and subsequent columns within a configquration

(iii) -the determination of the enthalpy difference between

the saturated and liquid states of the overhead product,




4.4.1 Distribution of non-key components
In order to determine the flowrate of the overhead product
from a distillation column, it is necessary to know the composition
" of that product stream. 1In the case of a bihary feedstock this calcu~
lation is simple. For multicomponent feedstocks, however, this is not
-the case, because of the possibility of the dlstrlbutlon of components
other than the light and heavy key components into both the overhead
and bottoms product streams. Thus to determine ths - .- cone of an
overhead prodoct stroam from a multioomponent collimn, the distribution
of all components otﬁer than tﬁottwo'key components‘musﬁ be known.
This is of real concern in colwmns in which the key components are not
adjacent components. In this .case there may be one or two ‘'distributing’
components between the two key compohents. ;n ali cases the extent of
‘the distfiﬁution of non-key components in the product streams is a
function of the composition and relative volatility of the components.
_ In.cefﬁain instances the.accurate evaluation of the distribution of
i components may not be‘essontiai. However in this work the.key components
are not necessarlly at all times those components which are predomlnant
in the feedstock because of the range of configurations being considered.:
Consider for example, therseparatlon of an equimolal four
component feedstock comprioiog:components A, B, Cand D to be sepa;ated
by configuration number 2 (rofe: Appendix'Aj. In this copfiguration,
the oomponents.B and.c ore.the light and.heavy,keys respectively. There
is no distributing key andlcoﬂponento A and D are the two.non—key
components, These two non-key'oomponents are for this feed composition
preéent in a consideroble'amount. They will‘considerably affect the
‘ oomposition of both proauoté,' The extopt'to which this will occur depends

_upon their‘conooptratioﬁs in the feedstock'and their relative volatilities,




Thus the consideration of the distribution of the non-key
components ie of vital concern to this study.

.In this stedy, as relaﬁiﬁelyjéﬁfe products were specified,
ehe separation was always made‘betweep_edieoent.oomponenterin the feed-
stock, Tﬁe light and heéﬁy keYs'ﬁere aieeys adjaeent'compoeentsr
Consequently as there was not a eomponent between the two—key components,
the existence of a 'distributing{'eoﬁponeet.oetweeﬁ the two keys did-
not arise. However. as all feedstocksicontained three or more components,
‘the distribution of the hon-key componeﬁts‘had eo be caleulated.so.that
the composition'of both products could be found.

In ehe preeeding sections of this study, the distribueion of
non-key'componente in £he overhead producﬁ streame_was calculetedrat
‘total reflux conditions; The question of the determination of the
, distribution.ofenon-key components_et conditions other then totalereflux
or mlnlmum reflux condltlons has not been aoequately resolved slnce the
or1g1nal work of Geddes (1958}, Hengstebeck (1961) and recently King (1971).

It has been shown in this latter study however, that for columns
operating with ref;ux ratios of the ordex considered ip“this study, the
determination of the distribution of non-kef coﬁponentslat total reflux
conditions ie sufficiently‘accurete; In all preceding calculations,
-distribution of.non-key.components hae been made af to%al reflux
conditions.

However in a mathematical model it is not feasible to have prior
knowledge of the extent of the distribution of non-key components. This
is particularly so for colﬁmns other than the first column in a con-
figuration. As in the methods discussed above, the ealculation of both
product compositions from a coluﬁn requiree‘the knowledge of the relative

‘volatiliﬁy of the components in‘ﬁhe oolumn. 'This'ie cbtained from a

knowledge of the temperatufes over the column, that is, the dew point
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and bubble poinf températurés of the"ovgrhead and bottoms product
respectively. It also‘reqﬁires a knéwiedge of the feed stream to the
column and the degree of recovery‘bf the key componenté. This means, for
example; thaﬁ in the direct sequence for the separation of a three
component feedstock, the flowrafe and éomposition of the bottoms product
from the first column is required. Obviously prior knowledge of these
values is not feasible in a model. |

For the model, it can only 5e feasiblé to assume that non-key
compbnents do not distribute, i.e. all héavy non-key components will
only be preseht in bottoms‘préduct streams and ail light non-key components
will appear in the overhead product streams. This procedure has been
used in the subsequent developmgnt of the modéi;

As an example, donsidef the separation shown in figure 4.1.
Here a three component feedsto?k‘is being sepérated by the direct sequence
with product recovery specifications on each component of 95%. Note
that the recove;y specifiéation forlpomponent.B iﬁ the first column is
954%,

In Figure 4.1(a), the product compositions are based on the
non-key. components distribuﬁing'andIéalculated at total reflux conditions,
‘In Figure 4.1(b), the product compositions a;e'calculated on the basis
of the non-distribution of non-keys. That is, all of component C will
appearlin the bottoms broduct froﬁlcolﬁmn_l, _Moiar flow rates and mole

fractions of components_arergiven'in Figure 4.1. The effect of the

non-distribution of non-keys can be readily noted.

4.,4.2 Relative volatility of'compbnents

 The design methods used throughout this thesis for the
determination of the total reflux and-m%nimum reflux conditions have

been the Fenske and Underwood's methods respectively. The reasons for

.
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this policy have been discussed'in chapter 2. Both of these methods
‘assuﬁe constant relative volatiliéy of'ail componentsfover the entire
column, B | |
| “It was resolved.in chapﬁér 2 that the corredt interpretation
and the policy to be adopted throﬁghout this‘work would be fhe relative
volatility 'of each component_to.be‘calculated as the.geometric mean of
.the relative volati;ity at the dew pdint‘temperature of the overhead
producf and the bubble point témperature‘df the bottpmsfprodhct.
Howevef, difficultieé can be experienced in applying this
interpretatibn of:component relativé vﬁlatility to the mathematical
model. This is again becéusé;in a siﬁhlation of a distillation configu-
ration, thg temperatures within the eonfigdrati9n are not known initiall?.
For a three coﬁponent distillation beiﬁg carried out by the direct
seéuence; the temperature'of thé Bpttoms product from the first co;umn
is not known. The only conditions at which the relative volatilities
can be determined in a model are_(i) at_thé feed temperature to the
configuration and (ii) at an'avérage value of the relative volatilities
of thellightest and heaviest components determined at the pure component
boiling points., This policy waé proposed principally because it would
eliminate the need fo determine product compositions, particularly the
‘product compesitions of the interconﬁec;ing'stréam'within a configuratipn.
'The only error introduced could be the.difference between the values of
relative volatilities'at-either éﬂe dew or bubble point temperature and
the values at the purelcomponent'boiling points. This aspect has been‘
considered and the,erroré'iﬁtroduded are éuité.ihsignificant and will
remain so while high purity pfoduété'are'beiﬁg'specified.
In the simulation which.follows, the t@@ volatility cénditions

mentioned above were considered and results compared with those obtained
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by the use of the inte#préﬁationof_relatiﬁe volatility accepted

for this study.

4.4.3. Enthalpy Difference between Saturated Vapour and

Liquid State of Overhead Product

_'The eva1u$tion of this paraméter‘requires knowledge of tﬁe
following:- | |
‘.(i) the correct compositipn.oflthe o&erhead strgam, and
(ii) the vapoﬁf and.liquid,eﬂfhalpies és a function of
temperatﬁre and éﬁé dew point and bubble point tembératufe,qf the
overhead product. B | |
Obviously the determinatioﬁ of the oyerhead stream enthalpies
" gannot be determined within a_model, fhe.only possibility would be to
éssume average valueé to include this value as a separate parameter.
Table.4.l sumnarises the diffefences in the design méthod
and thé_mathemafical model. | |
- Thus the preéeding discussion'ﬁould suggest that the results
of any mathematical model of a sequgncé'of_multicomponent distiliation
columné‘can never reproducé the cdrrespoﬁding results obtained from the
design method of the type used in the initiai phase of the work. The
use of a mathematical model to select the ‘optimal configuration for a
givén separation éan only be feasiblerif-the differences which must
occur between the model's-reéults and the éoxéesponding results obtained

from the design analysis can be correlated.

4.5 Models Developed

Accepting the limitations imposed by the preceding discussion,
it was proposed to develop a mathematical relationship betweenthe

overhead vapour rate and the following variables:-



Method and Mathematical Model.
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[
' TABIE 4.1 Summafy of Differences in Design' _
Design Method . Mathematical Model
Distribution of Calculated at total Calculated on the basis
non-key components reflux conditions that non-key components
- ' for each column  do not distribute
Relative - N Caleculated for each Calculated on two bases:
folat;l;t;gs column as the geo- (i) at the bubble point
metric mean of the temperature of the
volatilities at the feed to the first
dew point temperature " column in the
.of the ovgrhead' configuration
- product and ghe__ {ii) as the geometric
bubble point mean at the boiling
tempe?ature cof the points of the
bqttomg producﬁ lightest and
heaviest component
of the feedstock
Condenser heat . Calculated from the Calculated only as a

. load/mole of

‘ y . : stant average figure.
overhead product - actual product consta . 29 9

composition, iiquid
and vapour. enthalpy "

. correlations

(i)“feea composition

(ii) feed component :elative Qolatilities
(iii) specified degree_qf keqovery_of each component.

Once the models have been de#éloped, an'analysis will be made
. of the differences between the model's iesults and the results obtained

using theldesign method for the same feedstocks.
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~ Models were developed for ‘two . cases:-
(I) the comparison of the two configurations possible
for the separation 6fla three component feedstock

into three components.’

{(II}) the compariéon‘of the-five configurations possible
for the separation foa.fbur component feedstock

into fourlqomponents._
Forlfhe'development_pf tﬁe‘modgls”fOr cases (1) and (IT) the
objective fﬁnbtion waé.dévelopéd iﬁ‘;gfmé of theldifferencé between
‘the sum of tﬁe o%erheéd vapqﬁr'ﬁlowrateé of_each configuration@' For
case (I} the objective func£ion wés developéd és the differénce 6f

vapour flowrates for the two configurations per mole of feedstock to

. ‘the configurations, i.e.

In case.(II), this objective fﬁnctién could only be devélopéd
'betweén any two of the possible_five“cbhfiguratioﬁs,'i.e;

_A_V_ _ (Vl +V

= *'Vs)h - ‘Vi + v, + VS)i o (4.4)

2 2

For three component‘feeastpcks,.the expressioﬂ developed is
: éiven by equation (4.5). The derivation of this expression has been
‘included in the Appendix.

v 1L 1 :
¥ = I'ZS[XAE_ (Cy - d) + RF, (C; - &) - ¢ +._o.2)
sy (c -O“2+71.2F"'{C1+d1—'0'1}.
' XBF” 2 . “B V2 2 -
PR o 1,,
+ RF, {Q.§ d, - C_2 'dz ) 1
+' { 1‘ - rmé )'. -('c i a.) ' . {4.5) ‘
. XCF ] : o’ 3 3 ) o.o‘- ..
: " o AB 10
where C; = | ="aB ~¢,| 1
— 1 -
- 1=9 g '
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The model includes only:those terms specified and does not
include any variables which are not known as input data for the sgeparation.
Unfortunately the expression includes the Underwood éarameter $. It will
 be seen thét four values of thié'parameter are required, one for each
column in the two configurations being compared. Considerable effort
was made to delete the Underwood parameters from the model but this was
not possible,

For a four component feedétbck; an expression can be derived,
relating the process vﬁriables to an cbjective function. In this case,
the objective'function was the percentage difference in the total vapour
flows of each configuration_fof tﬁp.of the five possible configurations.

It is only possible to compare one of the'four other possible configurations



90.

" at qne-time with, say, the direct configuration. As for the three
componént‘model, priqr determinéd values of the Underwood parameter
are reéuired. In this case, six values are reqﬁire@, one for each

“column in the two configurations.

‘However the complexity.of3the derived‘gxpression, togethef
 with the requirement of the values of the Undervood parameter, makes the
model of little practical use. )

The mcdel derived for the three component feedstocks given

by equation 4;5 was cbnfirmed_using daté obtained by the design method.

'fhe values oflthe objecﬁive function obtained'pg the ﬁodel are in fact
identical with the coriesponding vqlués obﬁainéd by the design method.
Hdwever in obtaining the.mpdel's vé1ues”for aAgivén'separation, four
values of‘the Uﬂderwood's parameter; ane fo: eaqh‘célumn, are required.
Thése values cannét be obtained.througﬁ'the model and the values ﬁsed
in tﬁe mbdel were the four v;lﬁes.ob;ai£ed'by the design method for the
given_separation. | |

In the derivatiohs of tﬁe’mbdeis; the degree of recovery of

the key componentsAin each column was specified, aé discussed in chapter

.2, on the basis_of the amount of the component recovered in tﬁe proauct.
stream as a percentage of the component in the feedstock. However for
the separaﬁioﬁ of a tﬁree‘componeht‘fégdé£§ck saf'g, B and C in which
component A is being recovered in the oﬁerhead product from column'one,
components A and B are the lighfhaﬁd‘hé;vy-iefsrrespédfively;' The quesﬁion
arises as to what degree of recovef?-is,to be specified for‘the héavy keyl
in the bottoms prb&uct‘from colurn one. l#s the‘aegree of recbvery is
based on the amount of component B- recovered in‘one_prodgct, in this
case, as the overhead product from column two, then ébviously é greater

' recovery must be specified for component B in the bottoms product f£rom
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colunn one, Fof example, for a 95% recovery of component B; the
'recovéfylfraction of B in the first columﬁ must be greater. In fact |
the value of the recovery of B can vary between two limits, say, from . ‘ \
95.5% to 99.0%. Throughout this study-thé value of (95%)% has been o
used for the gecovery.fraction;‘lThis}has been applied to all‘separations
unless a componené.tb be recoveied in a subSeQQent column as. the | |
.principal product is a key in a previous golumn in. the configuration.

Thé possibility that a range of recoveries for the component B
exists in the first colﬁmn, as discussed above, suggests that an optimal
recovery rate could exist for each column. A low recovery specificatioﬂ
- for component B, being the heavy key in column one, would require a high

recovery specification for component B in the second column. The degree

‘of‘recovery,overall would still be based on the amount of component B
recbvered in the overhead product. of column two relative to tﬁe amount
6f component B in-the feedstock. Provided this overall degree of
recovery was obtained, use could ye.made of_the range of recoveries
possibie within the two columns for a three component separation s& as
to find the econ&m&é optimum recovery rate for each céiumn.'

In this stuay however, i£j£as béen assumed that thé spiit is
equally shared. For a recovery raté of 95% of component B in column‘

%

two the recovery rate for component B in column one is (95%) ° or 97.46%.

4.6 Limitations of the Models
It has been shown that on the basis of certain assumptions,‘
which have beeﬁ discussed previously, it is pbssible to reiate an
dbjective funcfion in.terms of feed composition, component relative h LM\_;khﬁ__
volatility and the degree of recovery. For threg component feedstocks,
the equatién developedrhas been presentéd.' As gtated, its use is limited

by the presence of four values of the Underwood‘parameter which must be
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‘knoﬁn. If thislwere not the case, then it is conceivable that a more
useful reiationship‘could be deyeloped. For reasons already discussed,
the use of the Underwood's,ﬁEthod'fqr,the determination of the minimum
reflux:ratio was considéredAessential._

If the required vglues of the Underwood parameter for each

_column in the configufation could be_suppiied to the model, the resuits

- obtained from the model would be expected.to be different.from the design

.method results beﬁause of the assumptions énd the limitatio;s in the
model. | | | o |

To invesﬁigate this aspect, thé'range of three compongnt feed-
stocks considered in chapter 3 was-ﬁééd. In this instance, for each of
these feedstocks, the coméariSQn”of the two possiblelconfigurations was
made iﬁ terms of the qverhead\cdndenser‘hea? load. The results obtained
are those which a model would be required to provide if the model were
satisfactory for;use in the deﬁerminatioh of the optimal configuration
for a given sepafétion. For the same three component feedstdcks, ﬁhe

‘comparison of the two possibie configurations‘was made, but incorporating
in the evaluation the assumptions made in the develoﬁment of the model.
These wgre:¥

(i) non-distribution ofrnon—key'components.

(ii) relative volatilifies calcﬁlgféd at the following
‘conditions: '_
(a) at the feed temperature to the configuration
and (b) as thé geometric mean of the relative volatilities
. at the boiling points of the pure components |
o , A and c;ff'~  ' '

These calculations were made bg:thé ﬁr@gramme 'Optconf® described in
chapter 6,
The results obtainéd'aré‘given in Table 4.2. The feedstocks

used for the analysis are those described in Tables 2.5 and 2.6 in
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TABLE 4,2 Comparison of Model's Results with
Design Method's Results,
g ‘5 . " TYPE'A' FEEDS - TYPE 'B' FEEDS
g %“2 | Actual _simulation Actual Simulation
9 Cost - nce I case 1. oSt Ca'se. I Case II
1 1. -1.8 9.25  =0.9 3.66 1.67. =1.21
2 3,85 13.8 - =2.7 | 7.61 5.51 -0.92
3 9.01 ‘13,55 -5.9 11.26 9.61 -0.47
4 6.6 2.1 -15.1. 14.68 © 13.31  0.54
6 2.39 7.52  2.00 2.68 3.166  -4.16
21 1.63 8.65° ~0.5. .  3.27  -0.02  ~-2.36
2 3.83  10.17 -4.49 9.31 5.12 -2.02
3 2.32 3.5 -10.85 14.99  11.86 ~1.49
4 -11.93 . -14.52 -27.16 19.54  20.31  -0,039
6 - 8.39 -10.76  5.53 1.8l  -6.8 -6.0
3 1 ~11.66 14.38 -2.61 -2.56  ~-3.37  -5.76
2 -1.54  16.3  -6:9 1,05  1.27 . -4.76
3 6.23 8.11 -14.7 5,09 6.74 ~2.93
4 -1.92  -19.46. -33.3.  -10.08  13.36 1.82
6 -3.98  13.79 12,210 -8.37  -12.55  -12.6
4 -1 -0.6 4.24 -1.36 . -6.65 -7.96°  -8.91
2 4,39 -0.73 29.05 . -2.62  =3.79 ~7.82
"3 -13.42 =12.98 -21.52 1.91 1.72 ~5.85
4 '.34.60  -37.24 -42.5 8.14 9.68 ~0.8
6 10.47 13.48 - 9.51  .-14.9  -16.2 -2.1
5 1 -15.57 . 8.61 = =2.65 -8.24 - -
2 -10.09 7.81 -8.38 -7.65 - -
3 -5.73 -1.98 -18.2 ~8.06 - -
4 -16.87  -29.2 =-39.0 -8.75 - -
oY -8.42 - 11.54  3.65 -25.3 - -
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.
chapterfz.. The column héadéd !Actgéi éoét' is the value of the
percentage difference in the condenserrﬁé;t loads of the direct and
indirect configuratioﬁs calculéféd Ef‘éhe design method, Theée figures
would beithe figures which ﬁhé m&del_would be required to giﬁe if the
model was to be feasible.' The two hea&ipgé';Case I' and 'Case II' are

the results obtained from the model using the two interpretations of

-the relatiwve volatility. Case I is based on the relative volatilities

calculated at the feed temperature to the first COlumn and Case II is based

on the relative volatilitieé calculated as the geométric mean at the
boiling points of the pgré cbmponents.  Both Cases I and II assume
non—distributién of non=key components:iJ

It will be noted that large disdrepéncies exist in these
results to the'extent which would makenfhéipropoéed model ngt feasible,
This,'together with the hécessary priorlgndwledge.éf.the Underwood
parametefs, would”certainly make_this'ﬁathemétical model of no use in
~ the prediction of optimal configuféfions. |
No conside;atioﬁ was giyeh ﬁo the déveloément of another model

as it was felt that the same probiems would be met,
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CHAPTER 5. PSEUDO-COMPONENT ANALYSIS

-

L
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CHAPTER 5. USE OF PSEUDO-COMPONENTS

5.1 introduction‘

Results obtained in chapter 4 have‘sﬁdwn-that it is not
feasible'tp develop a suitable mathematica1 model or relatibnship
for use in thé prediction.of optimal‘configurationé. Consequently
the only'sgurce'of déta‘upon which.gnf‘&ééign guidelines can be based
is data generated by a design method gﬁifhgfﬁype hsed_thrqughout this
study; ’ L | |
‘The study has shown‘that'thg.ﬁse-ofzheurisfics as a design
tool.isllimited until clarifiéati@hiis madé of thelconditions undex which
each heuristic would decide the se;ection of the optimal coﬁfiguration.
The results gi§en in chaptgr'B-ﬁave inéibated_that three of
the heuristics have beén dominant_in the selecgion'of-optimal configu?
rafions. These heuristics are:- |

‘.(i) the removal of components in decreasing order of

volatility
(i1} the éarly separation of a predominant component and

(iii) the separation'of_diffiéult‘separations late in the

sequence,

-Howe#er the results have shown'that.gbnflicts do egist under
certain circumstances betweeﬁ théfheu;istiqé for the‘fe¢§§tocks used in
this study. For these heufistics to be of use in design, it is essential.
to show under what conditions each heuristiéiwill dictate the.selection
of the optimal'configuratibn. o SR

Consequehtly-it was decided that the only way in which the
conflicts could be resolved would be by the generaﬁipn of a considerable
volume of data illuétrating the variation in configuration cost differx-

entials for the case in which the relative volatility and feed |
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compositions for three componenﬁ feédstocks‘are varied by predetermined
small amounts, Thus an approximation doﬁld be made to a mathematical
relationship betﬁeen the relati#e volatilitigs and thé composition of

a three component feedstock if é sufficiéhtly large amouﬁt of data were -
geﬁerated. The graphical rep:eseﬁtation‘of this daya could well be the
only way in which the conflicting_influénces could be illustrated.

In ali previous studieé, includihg_this study so far, actual
compounds havé been used in formulatiﬁg feedstocks. The absoiute value
of the relative volatiii;y between adjacént components has not been
. specified in the selection of these compounds. Rather fhe comppnent
has been selected on the basiéiof providing a relative volatility between
‘adjacent components which was at least higher 6: 1owef than between
 another pair of adjacent.componentslin:the féeastock. The values of the

‘relative volatility obtained were not necessarily simple rational

numbers. It was felt that the conmponents comprising the feedstocks could

have physical properﬁieé which-w6u1d.providersuch numbers, More
' importantly; if-predeterminedlﬁalues of'éhe'relative volatility could
be obtained, then perhaps a way may 5e provided_for étudying thg.inter—-
action between the conflicting heuristics. |

This chaptef will descriﬁe the use of the concept of hypo-
- thetical or pseudo-components‘by the use of which feedstocks can be
" formulated having predetermihed values of relative volatilities. It is
.claimed that this appfoach is unique and no previous work incorporating

this concept has been reported in-the  literature,

5.2 Generation of Pseudo-Components

It is not possible .to select actual compounds as components
which would provide feedstocks having the desired relative volétility.‘

~ On the other hand, by the use of‘pseﬁdofcomponents it should be possible.
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to formulate feedstocks in which the relative volatilities between the

two pairs of components in a three cbmponent‘feédstock have the following '

A

r - e

predetermined values, say,  ‘1,05, 1.1, 1.25, ....;.. 2.0, 2.
‘To do this, components would‘havé to be generated suii : =
values would éive tﬁe required reiativéﬂvoiatilities, A set of alkanes
~given in‘T;ble 5.1 was selected as thé'?grid; from which the pseudo-

.components could be generated.

TABLE 5.1 Range of Alkanes'uséd in
generating Pseudo-Components.

Propane -
 iso=-Butane .

n-Butane .

iso-Pentane"

n-Pentane | S
n~Hexane

n-Heptane

The Qrid was formed in the coﬁputer programme ‘PSlidsf by
caidﬁiétipg and storing the 'K' values ﬁf the reference compounds as
a function of temperature over the reéuiredrtemperature range. The 'K'.
data used was that previbusly used in the study, that is, NGPA K values
for an operating pressure of ldo_psi and-é donvergence pressure of.
2000 psi. )

The reasons for the sglection‘of.these_compounds have been
given previously but in addition to thosg-reésons_is the fact that a
recent study by ﬁudd and Tedder (1976) had used these compoﬁnds. As
this study would be comparing their results, the same feedstocks were -
used., |

The least volatile component, n—Heptane, was se}ectéd as thg'

base component or in the case of a three component feedstock, this
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compound would be the component 'C'; If a pseudo-component to be
coﬁponent B wds‘requireé-to have a relative volatility of, say, 1.25
then the 'K! vaige éf.this component wbuld be the vaiue of 1.25 multiplied.
by thelfKi value of n-Heptane at a given température‘reference.point.
As in all previous work in this thesis, all feedstocks were taken to be
at the bubble point temperature for the column pressure. Hence for the
7 generation of the pseudo-components, the reference temperature was the
bubble pdint_temperature for the‘giveﬁ feed composition.
| The bubble point'temperatﬁié'is the temperéture at which the
following expression islﬁalid:f > kl X; = 1.0
or in terms of .the relative wvolatility between components A and B and

.

between B and C, then this expression can be rewritten as:-

Xy @ap-0pgl) + Xy quc'_l) 1= IJE'
. 3

If Kc= a + bT + c?z + dT?- is substituted in the expression, then the
value of T which makes the exp;essioﬁ valid is the bubble point tempera-
ture. The solution was found using the Newton-Raphson Iteration method.
| If the value of the 'K' value calculated for the pseudo—
-componeht was 1ess:than the 'K' value sf the next lightest gompound,

"Hexane, at phe_bubble point temperature, then the 'K' values for the

pseudo~ccmponent would lie between the 'K' values for n-Heptane and

n-Hexane. The following ratio: R = KSC - KR ' where Ksr' KR
Kp-1 = %
K are the 'K' values of the pseﬁdo—éomponent, reference cémpound and

R-1

next lightest‘réference.compoﬁnduréépectiveii, wag then calculated.

Using this ratio, the.'K' values of thé péeﬁdo-component were célculated .
by generating values in the same propértion between ;he two-reference |
components over the sPecified.températu:e ranée. The procedure is

" illustrated in Figure 5.1.
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The 'K' values obtained were then fitted by the regression
~analysis sugroutine in 'Pslids’' and the coefficients used subsequently -
in the Programme. |
. If the required relative volatilitf‘value gave a 'K' value
‘for the pseudo—componenf greater than the 'K' value of n-Hexane then
the 'K' values for the pseudo-ébmponent WOuldllie between the next
pair of compounds, that is, n-Hexéné And iso-Pentane. .The same procedure
‘would then bé followed to generate the rgquifed 'K' values,
| ‘The same procedure was followed in éenerating‘componenﬁ A
in which the reférence 'K' value for this component would pe calculated -
.by multiplying the requiﬁed relative vblétility by the ‘K" ﬁalue of
component B at the reference temperature pqint. This prbcedure was used
to éenerate two pseudo-components.whigh toggther with n-Heptane formed
a -three component feedstock. | -

" In this study it will be noticed that both relative volatilities
are not relati#e tb the one component, say, component C., Instead
relative volatilities are expressed as the relative volatility of
componenf A to component B and the relative volatility of component B

to component C. ’

The liquid and vapour enthalpies for the pseudo-components
were generated in the same manner. ‘The énthalpies were generated within
a reference grid comprised df the enthalpies of-tﬁe reference compounds.

The same'ratio which was used in the derivation of the 'K'
values'was applied to tﬁé two adjacent gomponent enthalpy curves to
galculate‘the requirea'enthélpy f@f fhé pseudg-cbmpénent. The values
obtained were then fitted by théiiegreééioh analysis programme.

The‘generation.of‘the 'Kf_ﬁéiue;éﬁd enthalpy coefficients was
made by the prog;amme.!Pslids"wﬁich_wili be briefly described ih?

section 5.3,
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5.3 Computational Procedure

It was proposed to consider a very wide range of three
component feedstocks.. For each feed composition, the range of component
relative volatilities used was as follows:

The relative volatilities of 'A' to 'B' and 'B' to 'C' were each
set initially at a lower limit of 1,1, The relative volatility
of 'A' to 'B' was increased while holding the relative volatility
of 'B' to 'C' constant. The range of values used for the relative

volatility of 'A' to 'B' were as given in Table 5.2,

TABLE 5.2 Range of Relative
Volatilities Used,

1.1
1.2
IR T S .
1.4 S
15
175
2,0
2.5
3.0
3.5
4.0
4.5
5.0

That is, thirteen values of the relative volatility of 'A! to"B' were
ueed. For each set of relative volatlllty values, the programme 'Pslids’
calculated the percentage cost dlfference between the two conflguratlons.
When the thirteen values had been consldered the value of the relative
volatility of 'B' to 'C' was lncreased to the next value, that is 1. 2

and again the thlrteen values of the relatlve volatlllty of 'A' to 'B!Y

were used. This procedure prov1ded 13 x 13 -169 feedstocks;
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Howeﬁer, for each'feeastock, ﬁen feed compositiohs were used,
The ééiﬁes of the feed compositions used.are given in Table 5.3, 1In the
recent study of ﬁudd.and Tedder (1976),'seven_6f-these feed compositiﬁns
had beenrnsed; These authors did notlcohsider the feed compositions,

numbérs'4,”5 and 6 in Table 5.3;

TABLE 5.3  Feed Compositions Used.

Feed Composition (Mole fraction)

Feed No.
' ‘ Component

A B [

1. © 0.333 0.333 0,334
2 0.8 0.1 0.1
3. 0.1 - 0.8 0.1
4 0.1 01 0.8
5 0.6 . 0.2 " 0.2
6 0.2 . 0.6 0.2
7 0.2 02 0.6
8 0.45 0.45 0.1

9 0.45 . 0.1 . 0.45
0.1 - 0.45 0.45

=
f=]

Rt

This investigation was able to congider 1690 feedstocks.

It should be noted before comparing'the results obtaiﬁed‘
from this study with results relevant from the study df Rudd and ?edder, :
" 'that these authors considered only seven feedstocks. ‘The feédstocks
used by these authors together'with values of both indices, that is
Heaven's and Rudd and Tedder's are given in Table 5;4. |

The computer programme 'Pslids',-discussed in.chapter 7 tﬁen

provided the following data for each feedstock:~

(A) For each column in the direct and indirect configurations
(i) product“compositions - based on the distribution of

non-key components at total reflux conditions.
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TABLE 5.4 Feedstocks'used by Rudd & Tedder.

Nﬁ:ﬁgr_ | Components ':. - . KA/KC HI ESI
1 " n-pentane, n-~hexane, 'n-heptane 6.35 0,27 1.04
2 | n-butane, i-pentane, n-pentane 3.04 "0.14 1.86
3 ~i-butane, n—butane, n-hexane 10.22 0.71. . 0.18
4 - i-pentane, n-pentane, n~hexane | 3.32 0.71 0.47

5 i-butane, n-butane, i-pentane 3.26 0.60 0.59
6.. propane, i-butane, .n—butane 3.30 - 0.17 1.72

(ii) minimum and operating reflux ratio
{iii) overhead vapour flow rate

{iv) heat balance providing the heat loads for the overhead
condenser and reboiler. . 'The enthalpy of the feed to the
second column in both configurations was taken as the

enthalpy of the rélevantlproduct stream from the first

column, °

{f} the thermodjnamic ﬁet.ﬁp¥# funcgion;

(B) For the comparison of thgftwo‘possib1e~édnfigurations for. three
component feedstﬁcks the prog:ammg.préﬁided-the_following as percentage
differences:‘

(i) reboiler heat load
.(ii) condenser heat load-
{idid) overhead vapour flow rate

(iv) thermodynamic net work_c&nsumpfion.
~ As previously, several rﬁné_wérg made incorporating the full design and.
éosting programmeé and the results obtainedlconfirmed the reboiler heat
load and fhe to£a1 opérating cost-prbvidea idéntical percentage figures,
Thus the reboiler heat load Qas used_aé;tﬁé oﬁjecgivé function throughout

this phase of the study.
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The results obtained from'this analysis indicated that. there
were regions on the ternary composition diagram in which more data was

required, Ten additional feed cqﬁpositions are giveh in Table 5.5.

TABLE 5.5 Additional Three Component Feedstocks.

Feed Composition (Mole fraction)

Feed
No. . ’ Component
: A B C
11 0.7 | 0.15 0.15
12 . 0.5 0.25 0.25
13 0.3 0.2 0.5
14 0.1 0.1 0.6
15 0.2 Lo 0.3
16 0.2 0.3 0.5
17 | 0.2 0.1 0.7
18 . 0.1 0.6 | 0.3
19 | 0.1 0.3 | 0.6
20 0.1 © . 0.2 0.7
21 . 0.4 - 0.2 '_ 0.4
22 - olss. o 0,35

By this cbmputational method it'ﬁas-poésible to generate over
4000 data. points by the use of which‘Ciarification of the conflict between

the heuristics should be obtained.
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_CHAPTER 6. ~ . RESULTS . OF  PSEUDO~COMPONENT ANALYSIS




107.

CHAPTER 6. RESULTS OF PSEUDO-COMPONENT ANALYSIS

6.1 Introduction

In Chapter 5, the use of the concept of pseudo-componenté
as an alternative to the use of a mathematical relati;nship between
the cost of“separétion and fee@ coppgsition, component volatility
and degree of recovery was discussed. The reéults of the analysi;
using the concept of pseudo-components and described in that chapter

will now be given.

6.2 Presentation of Results

The results obtained'are presented in the féllowing manner.
For each feed composition, the“&alculéted.percentage diffekence between
the two configurations for each pair of relative volatilities.was
ﬂplotted; The relativeivolatilites for each‘pa&r were in the range of
1.1 to 5.0. When all values qf the percéﬁtage.difference for each feea
composition had been plotted, contour lines representing constant
percentage differences between configu?ations weré ﬁhen drawn for
values .of the percentage différence‘bf;'say; -5,0,5,10% ...... The graphs
obtained are given in Figures 6.1 to 6.22.' The original graphs were |
plotted on graph paper 45 cms by'45 cmsﬂso.that accuracy could be
obtained in the generation of the contours. Each graph is given in
reduced form so that the graphé can be included in the text.

In figure 6.23 the results for the twenty-two feed compositions
have beéh plotted on triangu1a¥ co-ordinates showing (a) compositions
for which only‘the‘direct configuration is optimal, and (b) cdmpositions
for which both cdnfigurations can be optimal. In the composition regioﬁ
indiéated by the open éirclés,lthé'direct configuration is alwayé optimal;
In the compésition'regipﬁ indicated'by,the”fdii Eirclés, both thé direct
and indiréct c0nfiguratioh‘¢an Pé:optima1 dependihg upon the values of

the relative volatilities. of the feedstock.

- ¥
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It is noted that the‘indirect confiquration can be optimal
in the region below the line through the composition points (0.1;0.8,0.15
and (0.45,0.1,0.45) as indicated by the broken line in Figure 6.23. Rod
and Marek's results indicated that the indirect.configuration was not
optimal below this line.. The results of this thesis have shown that
at the point (0;45,0.1,0.45) (refer Pigure 6.9) the indirect configuration
~can be optimal depending.upon toeﬁvalues of'the relative volatilities -
of the feedstock. The two feedstocks giren ty feed nunbers 21 and 22
.also show that the indirect configuration can be‘optimal in the‘region
below this line. |

Iﬁ Figure 6.24, contours of zero percentage difference between
configurations are drawn for those feed compositions in which either the
Jdirectror indirect configuration can be optimal. The region in which
the indirect configuretion isg optimal is beloe the contour of zero
gpercentage difference in all cases except for contours representing the
feed compositions (0 3,0.2,0.5), (0.45, 0 1 0.45), (0 3,0.1,0.6) and -
-(0.2,0,1,0.,7} in which case the indirect configuration is optimal J.n'r
‘the region to the left of the zero percentage difference contour.

The Figures 6.1 to 6 22 together with 6.23 or 6.24 prOVlde
a new method by which the selection of the optimal configuration for
three component feedstocks can be. predicted., The method is applicable
to feedstocks having relatiye volatilities between‘the two pair of
components.in'the rahge of i.l‘to 5.0; iThe‘method requires reading .
'of two charte:- firstly reference‘to Figore-6.23 or 6.24 shows, for .
‘the given feed‘oomposition_and‘component volatilities, whether the
direct or indirect configuration wili be optimal. FSecohdly, the size
of the percentage“difference betweeoethe two confiqurations and hence

the benefit to be realised by the'selection of the optimal configuration

o eim et o e et m i e o e o s r T — e = gk £ S RS 4 s iere m e e g ey
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I
can be‘obtained'from the fiéuré;ﬁitﬁin the series of graphs 6.1 to
6.22, corresponding to the given_feed composition.:
| The charts provide ;he requiréd'illustration.of the interaction
of the influence of relative volatility and feed éomposition. That is,
they provide gquantitative data of the values of the concantration.of a
componént and the relative voiatility of-a difficult separation at which
~either will decide the optimal_configuratioﬁ. Consequently they resolve
" the conflict in the choice of the hepristics when one component of a
difficult pair of components is the domiﬁant compontent in the feedstock.
Further observations which can_Be m;de from the figures are:- '
(i) Equimolar feedstocks é}*ays_gave the direct configﬁration
as the optimal configuration. .Thé trends.of'the values:of the percentage
difference when plotted, did ﬁowever.indicafe %hat at veryllow values
of relative volatility, that is, below 1.1, the difference between
configurations was negligible.:'They.alsd indicate th;t the contour of
Zero percentage differencé ﬁight occur in thié region. In fact, values
indicatéd that'in.thesé regions'the‘indirect configurétion could be
slightly optimal. | |
| (ii) For a feed.containing 0.8 mole fraction of the lightest
. component, the earlf'removal of ‘this component was confirmed.
In no instance was thé_indireqt éonfiguration‘optimal. The
.1owerin§ of the value of rglaﬁive voiétilityﬁbetWeeﬁ gither pairs of
components lowered the percenfage difference between configurations but
not sufficiently to make the indirect configuration.PPtimal. Figure 6.25
has been’includgd to show the effect of varying the amounts of the
lighﬁest component in a feedstodk'in which thé relative volétilities
between‘éach pair of components are eqﬁal,'thﬁs negiecting the effect

of component volatility., Components B and C were present in equal amounts

in these feedstocks.
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In the case of the heaviest cémponent being the predominant
compéhéﬁt in the feedstock, it is noted.that its early removal is only
valid when the rélative Qolatility between the two lightest components
is beloﬁ'a particular value. For exaﬁplE, FPigure 6.4 shows that for a-
feed composition in which the heaviest comboneﬁt has a mole fraction
of 0.8, thén the relative'volatility'between Component B and C does not
influence the selection of the optimal configuration. However in
Figure 6.7 in which the mole fraction of component C is 0.6 both relative

volatilities influence the selection of the optimal configuration.

6.3 Use of Indices for the Prediction of Optimal Configurations

Two indices have been proposed in the literature for the
prediction of the optimal.configuration.for three component feedstocks.
Both indices are expressed only in terms of thé two relative vol&tilitiés,
that is between components A and B and.beﬁween B and C.-

Rudd aﬂd Tedder‘s index, as'discuSSed in Chépter 1, gave a
measure of the relative difficuity of.the two Separations} that is,
between A and B -and between.B aﬁd C. A value less than 1.0 indicates that

" ) :
the separaticn befween Aand B is more difficult'and a value greater
thén.l.O indicates that the sepafation between B and C is more difficult.
As discussed previously, the index does not consider the actual value
of the relative volatility. This aspect was investigated in thié thesis
by considering a range of three component feedstocks each having equal
volatilities between A and B and between B and C of the following values:-
l.1,1.35,1.5;1.75,2.0,2.5,3.0,3.5,4.0,4.5,5.0. The peréentage difference
between the two configurations calculated for each feed is given in
Figure 6.26." From this figurévit wi;llbé noted that the percentage

difference between the two configurations increases as the value of the
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relative volatility increases. The contours of zero percentage
| difference fo; a nuﬁber of values of the relative polatility used
are plotted on triangular co-ordinateelin Figure 6. 2?

Figure 6.27 shows that for feedstocks hav1ng equal relative
volatilities between each pair of components or an E.S.I of 1.0, then
as the vdlue of the relative:volatility hetﬁeen each pair of components
increases, the region in which phe.direct configdration is optimal
increases. For example, for‘feedstocks having equal relative vola-
tilities-of 3.0, the indirect configuretion is optimal only for feed
numbers 4 and 17. These results would therefore confirm the inadequacy
of indices of the type proposed by Rudd and Tedder.

| The value of Heaveh'e index ohtained for the feedstocks
used by Rudd and Tedder have been included in Table 6.2. As this index
:too is based only upon relative volatlllty terms, it is claimed that
this index has limitations 51m11ar to the 1ndex proposed by Rudd and
Tedder.

The development of ah index waS‘considered in this thesis,

A large number of 1nd1ces were. proposed contalnlng the two relative
volatility values together w1th at least two comp051tlon values for a
three component feedstock, Despite the iarge ncmber of combinations
considered, it was not possible to develop an index ;hich could predict
the regions on a triangular compoeition'diagram.in which either

configuration would be optimal.

6.4 Effect of Component.Degree of Recovery

The effect of component degree of recovery was also considered
in this study of pseudo=-components. -This.was done.by considering a range
of values of the degree of recovery of 90, 92.5, 95,797.5 and 99% for

all components. The equimolal'feedstock was used and the percentage
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- difference in the configurations calculated for the range of relative
volatilities of 1.1 to 5.0.

The results obtained were in accordance with the previous
conclﬁsions reached in Chapter 3. The‘higher the component degree of
7 recovery, the hlgher the cost of the separatlon. The Dercentage
difference between conflguratlons did not increase proportionately with
the increase in the degree of recovery, However, the shape of the zero

percentage- difference contours was identical to the results given in

Figure 6.1 which were based on e o5% degree of recovery of all components.

6.5 Comparison of Results

Before camparlng the results: of Rudd ‘and Teédder and the results
of this the51s, ‘the effect of different data used in each study was
considered. Ir was only possible to consider’ the effect of different
'K' value data. The corresponding values of the E.S.I, Heaven's Index
and K /K using the 'K' data used in this thesis are given in Table 6.1.

- The agreement between both sets of resu;ts for the values of E.S.I and
H.I are considered satisfectorv.

TABLE 6,1 Values 6f'indices for Feedstocks
. used by Rudd and Tedder.

reed . K, /Ky H.I. . E.S8.I
No. Components
Tedder Henry Tedder Henry -Tedder Henry
1  nC5,nC6,nC7 ' 6.35 3.56 0.27 0.33 1,04 1.02
2 nc4,iC5,nc5 3,04 2.3¢ 0.14 0.12 1.86 1.71
3 iC4,nC4,nCé 10,22 7.92 0.71 0.73  0.18° 0.22
4 iC5,nC5,nC6 3.32 2.78 0.71 0.8  0.47 0.55
5 . iC4,nc4,ics - 3.26 2.78 0.6 0.62  0.59 0,63
6 €3,iC4,nC4 3.3 3.01  0.17 " 0.18 1,72 1.59
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TABLE 6.2 Percentage Difference in Configurations for
~ FPeedstocks used by Rudd and Tedder calculated
: by this study.

| Feed Compn.

—_— CL Percentage
No.- No. ESL » HI o eAB aBC Difference
1 1 1.0156 -0.341 . 1.09 1.87 -13.6
2 1.0284 0.323 2.04 1.99 - ~46.8
3 1.0133 0.345 1.87 1.85 - 4.5
4 1.0053 . 0.359 1.77  1.76 + 9.9
8 1.0206 0.33 1.96 1.92 -31.4
9 1.0168 0.34 1.92 1.88 - 8.79
10 1.0094 0.35 - 1.83 - 1.81 - 0,12
2 1 1.712 0.126 2.0 1.17 - 4,68
c 2 1,734 0.135  2.09 1.21 _ -27.2
- 3 1.698 0.122 - 1.96 1.15 ~ 3,98
4 1.69 0.12 1.94 1.15 5.07
8 1,72 . 0.129 . 2.03" 1.18 -14.,3
9 1,72 . 0.128 2.02 1.18 4.9
10 1.69 . - 0.121 1.95 1.15 - 0.24
3 1 0.217 - 0.73 1.31. 6.05 - 4,33
2 0.184 0.72 1.34 7.29 -15.76
3 0.204 0.72 1.32 6.48 - 0.64
4 0.29 . 0.75 1.25 4,31 7.88
8 0.194 - 0.72 1.33 6.88 - 9,06
9 0.224 - 0.73 1.305 5.82 - 6.1
10 0,24 .. 0.74 1.29 - 5.42 3.29
4 1°' 0,552 .. 0.8 1,13 2.04 - 0.8
2 - 0.537 . 0.78 + - 1,14 2.13 -11,42
3 0.545 . 0.79° . 1,13° 2.08 ‘ 0.37
4 0.576 . 0.82° S 1.1 1.92 13,69
8 0.54 - 0.79 L 1.14 " - 2.1 - 6,46
.9 0.55 0.8 .. ¢ 1,12 2.02° . = 3,28
10 0.56 0.807 1.12 2.0 7.02
5 1 0.63 0.62 1.32 2.1 - 5.24
: 2 0.62 " 0.61 1.35 2.18 -24.5
3 0.63 - 0.62 .1.33 2.11 - 0.79
4 0.64 0.63 1,29 1.99 16.22
8 0.62 .0.61 0 1.33 2.15 -12.01
9 0.63 " 0.62 1.32. 2.09 - 9.3
10° 0.63 0.63 i1.31 2,06 5,51
6 1. 1.59 0.19° 2,18 1.38 -11.77
2 1.65 0.18 = . 2.35 11.43 -41,2
3 1.56 0.19 2,12 ©1.37 - 5.64
4 1.53 0.19 2.05 1.34 4,57
8 1.61 7 0.18 2,24 1.4 -39.3
9 1.6 0.18 2.22 1,39 - 3.78
10 1.54 0.19 2,09 ©1.36 - 0.5
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It must be noted, of course, that Rudd and Tedder had
optiﬁised their columnslin terms of the.degrees of freedom available.
‘Consequéntly differences would be expected between the results.

- The feedstocks uséd by Rudd and Tedder were then analysed
: using'the.computer programme uséd in,this study and the results ébtained
are given in Table 6.2, The relative volatilities between A and B and
between B and C were aiso calculated for,the féedstocks used. This
permitted thé cqmparison of Rudd.and.Teddéf's results on the corresponding
figure within Figufes 6.1 and §.22. The results again-#ere considered
satisfacfory. | |

In Figure 5.28, thelzgfo percéhtage diffgrenge contours are
drawn for these féedstocks.' Agreement was shown for the feedstock numbers
1, 2, 4 and'S, but disagreement was found with,feedstoqk numbers 3 and 6.

In‘Figﬁre 6;29 the zero percéntage differénce contours‘are

plotted for a range of feed volatilities given in Table 6.3,

TABLE 6.3 Range of Feedstocks used to investigate
Concept of E.S.I

Feed Number . uAB  aBC - ESI
1 1.2 1.2 1.0
2 - 1.2 2.0 0.6
3 1.2 3.0 0.4
4. 1.2 4.0 0.3
5 1.2 . 5.0  0.24
6 2.0 1.2 1.67
7 3.0 1.2 2.5
8 40 - 1.2 3.3
9" 5.0 1.2 4,17




Figure 6.28 =~ Zero Percentage Difference Contours for

- Feedstocks used by Rudd and Tedder
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FIGURE 6.29 - Zero Percentage Difference Contours

for various Relative Velatilities '4 ‘ |
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It is noted ffom‘the £i§ure, that for ESI values 1essbthan
1.0, the zeroApercentage bost contours are in the same region as.the
results of Rudd and Teddgr. Howeve¥ for values greater ﬁhan 1.6 the
results do not agree., For feed ﬁﬁmber 2 hav%né an ESI of‘l.7i there
' is agreement., However for feed'ﬁumbers 7. 8 and 9 for which‘the ESI is
greater than 1.6, the zero percentage difference contour swings completely
~away from the resuits given bx Rudd and Tedder. _These feedstocks are
those in whi&h the difficult separation is between the leaét two volatile
components, that is, components B and C. Approximate agreement is only
found for ﬁhose feedstqcks in which thé difficult separation is between

components A and B. Rudd and Tedder's proposals have been included

- for reference in Figure 6.30.

6.5.1 Comments on Rod and Marek's Results

The criterion used by Rdd and Marek has been discussed in

Chapter 1. The expression proposed was:

A = (@ +1.25) x, - 1.25x

RM

oA - 1

Positive values of ARM suggesté& the direct cénfiguration Qas opﬁimal
while negative values suggested the indirect configuration was optimal.
1Results derived from‘the pseudoacomponentVanaIYSiS were applied to this
expressioﬁ. However it was found fhat'the definition of the relative
volatility of cohponent A in which the‘vblatility is calculated felative'f
to component C limits the use of this‘e#pression. lFbr exaﬁﬁle, a felétive
volatility of 6.0 for A to C'coﬁld be bﬁtaiﬁed by (a) a relative volatiiity
of A to B of 4.0 and for B to é §f 1.5_and‘ (b) a relative volatility of
A toBof 1.5 and for B fo C of 4,0. Réferring to Figure 6.10, for
example, relative volatilities of 4.0 and 1.5 for A to B and for B to C
respectively would indicate that the indirect configuration was optimal |

by -approximately 12%, On the other hand, relative volatilities of 1.5
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aﬁd 4.0 for A to B and for B”té.c réspéctively would give the direct
configuration beiﬁg optimél by approximately 10%. The model does not.
include the effect of the volat}lity of the component B and this{
together with (a) the use of the overhead vaﬁour rate as the objective
_function'and (b) the use of Robinson and Gil;iland's method for the
determination of the minimum reflux ratio;'are the reasons suggested
for the inaccuracies in this model.

6.6 The Effect of the Choice of Component 'C'
in the Formulation of Three Component Feedstocks

In the formulation of_ali,three Component feedstocks, the
- component 'C' was n-Heptane. 'Componenis 'A' and 'B' were pseudo-
components genérated to provide the required relative volatilities betﬁeen
componénts. The.three component feedstocks could also be formula£ed
having either of the compounds i-Pentang, n—Pentane or n~Hexane as the
component 'C'. in either case; thelpseudo-components *A' and 'B' could
.be simiiarly generated td.provide the same values of relative volatility
between components as the feedstpck having n-Heptane as component 'C'.
Thus it ﬁould be possible to have four feedstocks in which

the relétive volatilities between;cgmpqnehts had'the same values. These
feedstocks would be progressively lighter depending upon whether componeﬂt
'C' was either n-Heﬁtane, n-Hexége, n=Pentane or i=-Pentane. The range

of relative volatilities available wqgld also be least when the compound
.i-Pentane was coﬁponenﬁ-'C'.

; Td determine whéthér_thé choice:of cgﬁponent '*C*' could influence
the percentage difference betweenJCOhfigﬁrationé; feedstocks were
iormulated‘in which compoﬁenﬁ fC'_ﬁas'either‘n-Heptane, n—ﬁexane,
n-Pentane or i-Pentane.ibPseﬁdéécomponén£s fAF aﬁd 'Bf were generated so

that the relative'volatility betwern 'A'_and-'B'-in all feedstocks was
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the same value and siﬁilaﬁly fof comgénents 'é' and 'C'. The twenty-tﬁo:
- feed compositions used previously were considered together with the
range of relative volatilities possible. | |
~ The results showed that for the e:quimolal feedstock and
feedstocks in which the compoﬁent 'lA'_w;as.prledominant, the choice of
o h
component-jc' was significant. For thesé feed compositions, given by
numbers 1, 2 and 5 in Table 5.3, the difference in percentage difference
between configufations varied considerably from a maximum for h—Heptane
to a minimum for i-Penta;'le. The decreése in the prercentage difference
was broportional to the relative volatility between the cdmpound used
for component 'C' and n—Heptane: For all other feed compositions, the
percentage difference between c&nfigurations wasrapproximately constant.
Héwever for those feedstocks in which fhe effect was significant,
the direct configuration would normally Be sel;;ted as tﬁe indirect
configuration was never optimal. Thus the effect og'the choice oi.a

compound as component 'C' was considered insignificant.
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CHAPTER 7, DEVELOPMENT OF COMPUTER PROGRAMMES

7.1 Introduction

A number of}computer programmes were developed for the
calculgfions fequired for this study. All were written_;n Fortran IV
and performed on an ICL 1904A.opergtin§ under the Geofge III system,
both in Fhe United Kingdomland in Aﬁstralia.

The development of theéé‘programmes will be discussed in this
chapter. As most of the programmes are quite large, it is proposed to
present only a description of the essential features of the principal‘
programmes in this chapter. Description of the data input, typical
printout details and the listing of these programmes will be included
in thé Appendix. |

For the initial phase of the study, the size of the calculations
needed for each configufation has been discuésed in preceding.chapters.
The cﬁlculation of the mass balaﬁcés £ogether‘with the process design
of the distillation columns and‘ﬁeat exchangers was made using the ICI

"simulation programme"Flowpack'; Details of tﬁis programme will not be
inciuded in the study as this.pfogramﬁe is available commercially in the
United KinQdomf | |

 Subsequént to the aﬁfhorﬁ§ ¥eturn'to Australia, when access was
not availablé to 'Flowpaék', a programﬁéi'F;owdist' was developed by the
author. - This programme perfogméd-fhoée'functions of 'flowpaék; of
iﬁterest to this study. Tﬁe,oniy limitation in the programme was that
recycle streams c¢ould not be considereaf ‘The distillation subroutine was
essentially the same as that ichrporéted in '‘Flowpack'.

The calculation-of the engineering design of the columns ahd
heat exchangers to the.extént described in Chapter 2, together with the
calculation of the total ahpqal opérating épst for‘each configuration was

performed by the programme 'Cost' developed by the author.
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Two further programmés were suﬁseéuently developed to examine
many- aspects which arose from the results generated by use of the
previous programmes.‘ Thé major programme"Optcénf‘ was(@eveloped to
consider'three component feedstocks énly since it was felt that a number
of aspects needing clarification.could be resolved by consideraﬁion of
these feedgtocks; |

lrFinally,rprogramme 'Pslids' was deﬁeloped to study‘the com=
parison of three component feedstoéks in which the feed components were
considered as pseudo-components, |

lTwo regression analysis programmes; }Mﬁlreg' and 'Polreg’ were‘
used for the. statistical analysis of_fhe.results throughout the many
aspects of the study; These progrémm%s were standard packages and were

checked against standard solutions before use,

7.2 Programme 'Flowpack'™ . T )

The method of pre3entation of data to the 'Flowpack' programme
is given in the Appendix. The distillation subroutine included in this‘
programme required thé fo;lowing input for each distillation column.

a. physical property déta

This included the vapou;—liquid equilibrium déta as well as

the vapour-liquid enth%lpy data for each feed component.

_Ini#ially the vapour-liquid equilibrium‘data was generated

by the use of Antoine Coefficients but later in the stu&y

(22)

Natural Gas Processors Association data was used.

'EnthaiPQ_aata was obtained By the method of*Yen and
AAlexander(44).ané A.P.I;FI) daté.‘

All equilibrium and enthalpy data wag supplied to the
programme as regression analysis coefficients expressed .as
a three degree polynomial as a function of temperature.

b. feed temperature and pressure

e r— s e o e R S Amiem s e e -



¢. number and composition of feed components

d. specification of the light and heavy keys

e, recovery specification of the light key in the overhead

product and the heavy key in the bottoms product
f. reflux ratio asla function of the minimum reflux ratio
g. pressure drop per platg |
h. type of overhead condensef

i. process topology, that is, the arrangement of the distillation

columns within the configuration;
The printout obtaiped from 'Floﬁpack' provided the.following
information: | |
é. mass balance for each cqnfigﬁration

b. number of equilibrium stagés above and below the feed plate

for each distillation column ip the configuration
¢. reflux ratio for each column |
d. condenser temperature, pressure andrheat load
e. reboiler temperatﬁre, pressure and heat load.
An.example of the format of the printoﬁt from this programme is included

in the appendix,

7.3 Progfamme 'Flowdist®

This programme was deﬁelcped to replaqé the 'Flowpack' programﬁe
when 'Flowpack' became unavailable'to-the_guﬁﬁér; |

This programme was. developed as a genefal purpose mass balance
programme capable of héndling a”maximuﬁ number of ten process units. The
topology of the givén process waé read in as data'as.in the case of
'Flowpaék'; The programme incofp§ratéd a méstér segment. in which the
. overall masé balancing and #equénciné of daiéu1;tions was determined.
‘The programme was pringipally uéedrfqr Ehe seéuencing of distillation

trains‘by the calling up of a distillation sub~routine within the
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programme. It is a general purpose programme in that other separation
processes may be incorpofated as sub-routines.

'Flowdist' incorporates as a subroutine the programme "Cost!

for the design and costing of each column and heat exchangers as in

'Flowpack"',

7.4 Progfamme "Cost'

~ This prograﬁme provided the design of all distillation columns
and heat exchangers to the degree required to determine the total gnnual
operating cost. This cost was also calculated by the programme,

" The printout,for the programme provided the cost of each
equipmenf item in the configu:ation,_thé cost of process cooling water
and process steém and the total annual operating cost. The ecénomic life
for all equipment for depreciation was taken as 10 years. BAn iﬁstallation
cost of three times ﬁhe major equipment cost was used.

A flow chart of fhe{progfamhe‘is given in the Appendix together
with a detailed descriptibn of the programme,

One of the difficulties of thé use of an objective function such
as the one adopted in this study'is the nécéssary décision to base the
_ analysis on 6ne type of column, a given design procedure and assumed
‘valueé of the economic parameters.. It is not proposed to consider in -
depth in this study the éufreﬁt staté of knowledge in regard to, for
example, tray hyd;auliés fof tray-dis#illation columns. Rather the
decision was made to baée the désignqu the éolumns, heat exchangeré and
cost data on current technoiogy and.practice. Consequently the columns
were designedlas ballast tray towe:s3éﬁd the désign method followed wa#
in accordance with a currently éVaiiablé commercial design manuai} in

this cése, the Glitsch Ballast Tray Design Manual.(a)

Similarly, wvalues
of heat transfer coefficients and temperature approach for the heat

exchangers were also taken as typicalﬂof current practice.
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Cost data was taken from a recent publication by the
e . . (14) '
Institution of Chemical Engineers.
The principal assumptions made in the design and costing'of
the columns and heat exchangers were as follows:-
- ftray spacing constant at 61 cms*

b. tray efficiencies maintained constant in all cases at 60%

¢. heat transfer COefficiénts in the condenser and reboiler

maintained constant at values of. 568 and 710 W/m2°K.

d. temperature appfoach in all heat exchangers at 10 centigrade
degrees ' ' -
e, distillation tower'diameters'baséd upon the wvapour rate at
the top of the column ‘
£f. a depreciétion period of 10 years for all equipment.
While the above are typical of current practice, the decision

to maintain a constant value of the overall tray efficiency for each

column in every configuration requires further comment. In the objective

.function used in the study, the fixed investment required for the column,

condenser and reboiler are inclﬁded as a yearly depreciation amoﬁnt based
-on a ten year depreciation period.' Thus the contributién of the cost of
the column only to the total annuai oéerating COét is not significant.
It was.shown from the calculations that the contribution ;f the column
. to the total ahnﬁél operating cost was never greatex, than 2.5%. Further
a 2.5% vafiation'in‘thé overall tray efficiency does not produce the
corresponding variation in the fotal golumn cost. Consequently it was
considered that the amount of calcula?ion réquired to determine a more
accurate overall tray efficiency for each column was not warranted.

The cost of iﬁdividuél columhs_and heat exchangers was:
.calculatéd from the basic capacity and cost by the follqwing:f

B ' e Size of A '
:“Cost.of‘A = Cost qf B (Size oF B)x Slope of Cost Cuxve
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All costs were updated‘to bresent day values by the use of
(14)

the Process Englneerlng Cost Indlces. - The values of utilities were

taken from Blackhurst and Harker (1973)

- 7.5 Programme 'Optconf'

The initial phase of this study has been the investigation of

the effects of the various p0551b1e conflguratlons for the separatlon
of three, four and five component feedstocks. From the results obtained
from these investigations, conclusions were made as to the area in #hich
further'werk should be done and these-heve‘been discussed. However, it
was felt that these areas could_be_inyeétigeted by considening three
component feedstocks only. ‘ |

| 'Cbnsequently a eomputer programme ﬁestdeveloped in which the
following calculations for three-eomponent feedstoeks could be carried
_out - o |

a. mass balancesAfor the direct and iﬁdirect configurations

b. process design of the distillation columns for each
configuration, together with the heat loads for the

heat exchangers

c. the overhead vapour flewrate‘from‘the expression

"V, =D, (R, + 1)
i 1 i

- for each column and the determinetion of the percentage
difference between the total overhead vapour flow rate between

both configurations

d. the condenser heat load calculated from the expression

'qc,i = V A

for each column and the percentage difference between both -

conflguratlons

" e, the thermodynamic net work consumbtion for each‘column and
the percentage difference. for both configurations. The thermo-
dynamic net work consumption was obtained from the following

expression




‘. T.N.W.C. = vy
D B
where'TD, T, are the dew poiutfend bubble point temperatures

of the overhead and bottoms product respectively

£. the vapour flowrate difference fOr the configurations
caICulated by the use of the mathemat1cal model developed

in’ this study and- dlscussed in Chapter 4.

In addition, the extent of the varlatlonleauséd in ‘the value .
of certain parameters by the various interpretatione of the relative'
“volatility term in the Underwood equatibne has been diScussed; This

variation has been investigated by the use of this programme., Erovision
was made in the programme. for the calculetion of the relative voiatilities
to be ueed in the determinatien of the minimum reflux ratio to_ be made
at the following conditiens{

(i) feed temperature to the ee;umn

(ii) geometric mean of the dew point temperature of the
overhead product and the bubble point temperature
of the bottoms product

. {1ii) cubic mean of the follpwing-temperature3~—
(a) the feed temperature and (b) and (c) belng

the two temperatures in (11)

(iv) geometrlc mean of the b0111ng point of pure eomponents
A and C. '

The effect of the assumption of non-distribution of the non-key
components was also investigated in this programme. All of the above
calculations were repeated for each feed on the assumptlon that the

non-key components did not distribute.

7.6. Programme ‘Pslids’

Programme 'Pslids' was developed to incorporate the concept of

pseudo~components to generate components having specified relative

we
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volatilities. By the use of this programme{ thfee_cqmponent feedstbcks
could be formulated in which the volatiiity of the cémponen£s would

be as predetermined simple multiples and ﬁotlthe values obtgined by the
- use of actual components, This ?bhéept hés‘been discussed in Chapter 5.
A flowchart and listing of'this,prdgramme.will be included‘in the

. Appendix.

7.7 Programme 'Bubble'’

Prior to the development of 'Optconf’, the data for input
for 'Flowpack' and 'Flowdist' required the temperéture of each feed to
"be specified,-'As all feeds were at thei¥ bubble point température at
"the 0pé£ating pressure, the bubble point1tempefature was calculated
by this programme. |

. The.basic calculation of the'programme was to find the

temperature ;t whiqh the expreséion'j I Kgxil = 1;6. _ wﬁs valid.
The tolerance set in all cases was 0.061. The .Newton-Raphson

convergence procedure was used to solve the expression. A listing of

this programme is included. in the programme ‘'Pslids’'. ,
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CHAPTER 8. CONCLUSION

The.thesis has considered ﬁhe'poésibility that 6f the number
. of process configurations possible fd #éparate a multicomponent feed-‘

stock bf the process of distiilétion"ip£6'reiatiyély pufe'components}
one of Fhese configuratipns’should beroétimai and predictaﬁle.' The
distillation columns considéred.wg;e'éblumns'Supplied with a single
feedstock and producing two prodﬁcts, one overhead and one bottoms.
' From the previous work, a set of7guidelines‘orAheuristics had been
proposed by the use of which it was claimed the optimal configuration
could be predicted. | '

These heuristics were studied.by considering a very wide range

" of feedstocks of varying feed‘compositiqn formulated from simple hydro--'
carﬁons from Propane through to n—Heptahe. These feedstocks contained
up'tq‘a maximum of five components. - Té.compare'all configurations
- possible for a given separétion,_a detailed design and economic evaluation
method was developed.‘ In its develoément, the method used various design
and economié paramgters; The values of £ﬁese parameters were takén as
those typical of‘current-induétrial practiqé.q Other process parameters
were considered constant, for example theIEOlumn.operating pressure and
the ratio of the operating to the minimﬁm reflux ratip., These were
maintained conStént because fhe’thesis adopted a p§licy of not considering
‘external' economic parameters because a configuration could be optimai
~ under one set of economig parameters énd not be optimal undexr another set.
Further, several reporteddstudies had considered each column to bel
economically optimised in regard to the operatiné pressure of the column
and the degreé of vaﬁorisation éf the feedstock. This thesis was concerned
with the development of teéhniques wh%ch céﬁld predict £he optimal process
Eonfiguration as a function of those.pr0cess parameters which_sﬁecify the

separation. These were:-

L
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(i) feed composition
(1i) component volatility
© . (iii)  degree of recovery of the components.

. The objectivelfunction used initially to compare each con-
figuration was the total annual operating cost, As it was subseéuently
shown that_th; £eboilef heat load provided identical peréentage_
differences between configurati;ﬁ;, this parémetér was uséd as the
- objective function throughout the remainder of the thesis.

The results obtained from the analysis of the three, four and
_five component feedstocks provided an illustration of the variation in
cost of the separation'by the use of the configqurations possible. It
also showed the effect of feed compositibn, degree of recovery and the
component volatility upen the cost of the sepa;atiqn.

‘The study of these feedstocks also showeé that while the
: individual.heuristicé couid be éhoWn-to.be valid, it was not possible
to predict under what process conditions each heuristic would dictafe
the seleciion'of the optimal coﬁfiguration. Further it was shown that
there were conflicts betweethhé heﬁrisﬁics arising from the interaction
of the influence of the feed céﬁposition and the component volatility.

The only manﬁef.in which_this'asﬁectlcoﬁld be reso;ved was
by tpe use of a mathematical moael_reléting thg cost differénce between
configurations and the componentivoiatility,‘feed composition and the
degree of recovery of the components.

| The ﬁhesis'examined.the use of indices proposed in the litera~

ture as‘a guide to_the prediction of optimal configu;ations. It was
shown that these indices.éould not adequately-predict the oétimal
configuration., The thesis foundlthat.tﬂe development of such indices
for the prediction of optimal,c§ﬁfig#ratibns of distillation trains was f

not feasible,
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A mathematicalrmodei-wes developedrrelating the overhead _
condenser heat load to the. process variables described previously. As
all feedstocks were taken to be at thelr bubble point temperature for
the column pressure, the condenser heat load was used as the objective
funct;on._

It was shown that there ﬁereftwo mejor difficulties which
preventeé.the use of this model for.teelgredietion of.0ptima1 coﬁfigu—
rations. These were:=-

(1) The adoption of the‘Undefﬁood_method_for the determination
of the Minimum reflux ratio. inlthe eblutioh'of_the twe equations in the
Undexrwood method, an itérative solution is neéessary for the calculation
of the value of the-Undexwood‘ﬁafameter,_¢. While the mathématical.

: :model developed contained the known‘vafiable;, that ié, feed composition,
component volatility and the component dégree of recovery, ie also
conteined the Underwood parameter. This parameter occurred in the model
as many times as the number of columns in the configurations being
compared. The values of these.parameters must also be_kndwn before |
sdlutien of the model.. -

(1i) The nature of the'distillationhﬁrocess itself. The model
required the'knowledge of the actualhprOduct‘compositions. This required
the’determination of the distribution oflfhe non-key cemponents into both
products for all cplumns; As-this knowledge was not possible without
prior calculation, the model had to assume'thatrnon~key components did
not distribute. The value of the relative volatility used in the sizing
of the columns was.celculated‘in this thesis as the geomeﬁric mean of
‘the relative volatilities calculated at the dew‘point of the overhead
temperature and the bubble point teméerature of the bottoﬁs product.

As these temperatures could not also be known without prior calculation,

the values of the relative volatility for use in the model could only be
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: L
calculated at known concitions Qﬁich were either at the feed'
- temperature to the conflguratlon or a mean of the relatlve volatllltles
- calculated at the boiling point of the pure lightest and heav1est
ccmponents.
‘lIt was shown that eten if the values of the Underwood
- parameter were known, the results of the model could not be satisfactorily
correlated with the actual results obtained by use of the design method.
However, an elternative to a mathematical relationship was
proposed by the use of a new concept of pseudo—components. These were
hypothetlcal compounds given physical properties so that they could
provide relatlve volatllltles of any desered value. These propertles
were derited from known‘componnos,fthexelkenes from Propane through to
n-Hentane. By fonmulating.feedstocks in which small incrementalichanges
in the value of relative volatility were madewand analysing a snfficiently
large number of feedstocks, it was possible to develop graphical illus- |
trations of the relationship between the cost of a separation and the
. feed composition and component:VOlatiiity.e It also pro;ided illustration
'of the.interaction between feed composition‘and component volatility. |
The uee of the concept of pseudo-components thus enabled a new
design method to be developed for therselection of the optimal con;
figuration, This method is appllcable to feedstocks formulated from the
components used in this thesis and the process conditions Speclfled
For feedstockS*having relative volatilities between the two
pairs of components in a three component feedstock in the range'of
1.1 to 5.0 the methodurequiree the reading of two charts. One chart.
indicates whether the optimal-configuration will. be either the_direct
or indifect configuration.and>the cther.provides the size of the

difference between the two configurations. .
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While the method has been based on a given range of alkanes,
it is the first study to illuétrate tﬁe interaction between the two
principal process parameters influencing:the selection of the optimal
configuration.énd'restricting the use of the proposed heuristics. The
study has shown fhat the method appears to be the only way the interaction
can be shown. ) | R |
As the analysis has been based onlthe,use of non-economic
process parameters, it is beliéﬁed that the results will be of considerable !
| \

benefit in similar s;udies,ofjbther distillation systems.
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The use of a constant value for R/R . .
min

4.

For all columns considered iq the thesis the following
arguments apply.
The classical curve illustrating the total annual cost as a
function of reflux ratio shows very steeply rising costs at
values of R below 1.1 to 1.2 times Roin but rises only very
slowly above 1.2 times R in- Thus it Es usual to take an
operating optimum value for continuous fractionation of 1.25
times Rmin' King (1971) states that by desigﬁing columns to
operate qith a R.R. of 1.2 to 1.3 times Rmin’ the total annual
operating costs will only be 2-67 greater than the cost of the
optimum reflux ratio. The results from this study indicated
that this figure was high, a maximum value of 4.57 being obtained.

Further King suggests the desirable design policy should be to

set the operating reflux ratio at 1.2 to 1.3 times R ;n and not

‘to go through an optimization calculation for each column.

Bolles (1977) has also confirmed this'policy. Previous
studies, for example that by Robb and Merrick (1969), had used a

value of. 1.25 and thus comparison was possible with these results.

"Heaven (1969) considered over 70 distillations in which the

operating reflux ratio and éolumn pressure were economically
optimised for each column., The optimum reflux ratio was found to
be within the range 1.1 to 1.25 times Rmin in all cases.

Using a constant value-of 1.25.for each column, the percentage
cost difference between two configurations would of course be
slightly different from the value obtained with a constant ratio
than if the economic optimum was used. However, as economic
parameters vary from design to design, and as the extent of the
difference on total.annual variable cost is very‘small, then it
is considered more appropriate to base the study on a constant

value of the ratio operating to minimum reflux.
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' 'APPENDIX Al: Physical Arrahgément of all possible
- configurations for three, four and

-five component feedstocks,



.A,B;c T

. 169,
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APPENDIX A2: Evaluation _df -Objective Functions,

A2.1 = Reboiler Heat Load

JA2.2 Condenser Heat Load
A2.3 " overhead Vapour Flowrate .
A2.4 Thermodynamic C?iteria as Objective

Functions
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: ' & '
APPENDIX A2 - Comparison of Objective Functions

The various objective functions used in the previous studies
and reported in the literature wefe discussed in Chapter 2. 1In
the initial phase of this thesis, the objective function used was
the total annual opérating cost. The calculation of the value of‘
this objective function required the detailed design and costing
-of all process items in each configﬁration. Because of the very

-large number of pgses to be considered in the thesis, other

parameters were examined for use as the objective function.

Process parameters used in previous studies were the following:

(i)  Reboiler Heét Lbéd_.
(ii) Overhea& Vapour Flowrate
(iii) Thermodynamic Net Work ﬁonsumption.
During this study, the wvalidity of‘eacﬁ of fhese parameters as

objective functions was examinhed.

- A2.1 ~ Reboiler Heat Load

It was fouﬁd thét the reboi;er heat load gave an excellent
corrélation with the total annuai;operating cost for all feedstocks
used. The ﬁercentage differences iﬁ-configurations basea on the
total annual.operating cost and.the reboiler heat load were identical.
The feboiler heat load was used as the alternative objective
function, as the literature had also shown tha; the reboiler heat
ioad can be uséd as an indigétion of the cost of distillation.
Regﬁéséion Analysis of the results from.this study confirmed this

selection.




Comparison of Totél Annual Operating Cost

TABLE Al.
and the Reboiler Heat load as CObjective
Functions for Feedstock Given in Table 3.7.
Configuration Feed .Perc§ntage.Diffgrence between
Number No. Confiqurations in terms of:-
: X ‘ Total Annual
' : Reboiler Heat Load .
Operating Cost
> R i - \ - ;
' 2 - -
3 - . -
4 - : C -
5 C . -
-2 1 + 1.781 - + 1.779
2 -16.94 . =16.97
3 .= 0.18 . - 0.181
4 -+ 3,185 o T+ 3,19
5 . +10.52 © . +10.56
3 1 - 7.327 . - = %7.329
2 -18.518 , -18.5
3 -16.88" - =16.9
4 ~17.65 . =-17.65
5 -14.6 ' -14.61
4 1 - 8.54 - 8.51
2 + 3.25 -+ 3,245
3 - 8.66 : - 8.65
4 - 6.52 ‘ T 6.49
5 “5.71 5.718
5 1 - 4.46 = 4,409
2 -2.47 - = 2,452
3 -1l4.6 - : =~14.61
4 - 5.72 : - 5,718
5 - 0.76 ‘ - 0.756

o
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A comparison of the percentage difference between
configurations expressed in terms of‘the totallannuél'dperating' '
cost and the reboiler heat load for the feedstock given previously

in Table 3.7 is given in Table Al.

A2,2 - Condenser Heat Load

As discussed in the text, all feedstocks were considered to
be at their bubble point teﬁperature fpr the column operating
pressure. Under these conditions; the condensér heat load should ke
approximately equal to the reboiler heat load. The value of the
cdndenser heatlload was detefmined, together\with the.reboiler.héat
.load for each confiquration and‘thé'diffeféhcé in the configurations
was also calculated in terms of the condenser heat load. The
results obfained.frdm this sﬁudy confirmed thé suitability of the
condenser hea% loagd as an objectiye function. The percentage -
difference between tﬁe‘differgnbeSain-ghé Cbnfigufatiqns, gxpressed
in térms'of the reboiler heat'idaa and thé condenser heat load

differed by no more than 4 --5% for all thé cases studied. . °

A2.3 - Overhead Vapour Flowrate .

This parameter had-beeﬁ'used inlpreviOus studieé, in particular,
tﬁe study of Rod and'Mérek (1959).' A étudy‘wag made of the
feasibility of;this.parameter for an ébﬁéctive function. In
Chapter 3, Table 3.8 it_was”noted that a good correlation bccurred
between the overhead vapour floﬁrate and the reboiler heat load for
the type 'B' feedé considered in £héfTébie., These feedstocks l
were thﬁse in ﬁhich the separatién_ﬁefweeﬁ components A and B was

more difficult than between cqmpoﬁéntshB and C.. For the type 'A’
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feedstocks, the correlation was poor and so a study was made of

this parameter.

From the results of ChépterIS; uéing pseudo-components, it
was possible to study the relationship between the overhead vapour
load and the reboiler heat load. Table A.2 provides a typical
illﬁstration of_the two pafameters for ﬁwé values of the relative
volatilities for the. twenty‘feeg cémpésit;ions used in that‘ Chapte.r.
-Tﬁo vo;atilitiés‘are considered. rIn one feedstock, the separétion
bétween A and B is more'aifficuit than betwegn B and C while the
opposite is the case in thé oﬁher'fegdstocﬁ. It will be noted
from the table that a good correlgtioh occurs for the feedsﬁock
" in which the difficult'sepa;ation.is_bétween the two most voiatile-
components, while a very pgor correlatioﬁ_egists for thé other
feedstock. ‘Good correlation only 6c§ur£ed_in those feedstocks in-

)
Chaptexr 5 in which the sepafation of fhe two lighter components
- was difficult. As a result, it c;n'be concluded that the use of
the overhead.vapour flow as én'indigation of the cést of distillation

is not_advisablea

o




178, _
A2.4 -~  Thermodynamic Criteria as Objective Functions

In Chapter_i, the use of thermodynamic ctiteria by King
and Petyluk et ai has_been discussee;, Thrqughont‘this thesis,
the comparlsons of the conflguratlonslunmzalso been expressed in
terms of the thermodynamlc net work consumptlon as deflned by
'King. By this’ definition; the thermodynamlc net work consumptlon
“is proportlonal to the product of the 1nterstage vapour flowrate
and the difference in the reciprocals of the overhead and_bottoms.
temperature. As eiscussed in Chaptet l( the.temperature difference
over each column in this study was constant in thermoﬁynamic terms,
whereas in Klng s interpretation, the temperature dlfference varies
over each column, Consequently th1s parameter would be expected

to give guite different results.

The results obtained showed'no teiationship between the other
parameters used in this thesis and the thetmedynamic net work
. consunption., As an example,_. Ta_;b'le.A2 provides a comparison between
the results giyen by the three”patameters: the overhead vapour
flowrate, reboiler heatnloearand.the thefmo&ynamic net work

consumption.
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Comparison of Cbjective Functions

TABLE A2.
V - Vapour Flow, q,. - Reboiler Heat Load
T.N.W.C. = Thermodynamic Net Work Consumption.
'Pefcentage Difference Between Configurations
Feed _
Number ‘aAB = 4,0, Oon = 1.15 Oan = 1.15, ®pe = 4.0
v I T.N.W.C. v 9y T.N.W.C.
1 "2,77 - 5.05  -115.0 1.38 .1.42 47.9
2 -13.7 =~ 0.4  -104.9 - 5,76 - 5.57 44.8
3. -0.9 -9.2  -451 0.4 0.4 21.8
4 6.81 = 7.13  -120.3 817 ~ 7.92 5L.0
5 - 0.45 4.37 . -125.4 - 279 - 2.59 45.8
6 -0.13 ~-11.8 - 74.65 0.82 . 0.83 34.3
7 6.2  ~4.19  -119.6  3.83  3.74 54.7
8 3.3 ~9.72  -117.3 < 4.3 - 4.21 21.7
9 10.01 , 16.88  -143.2.° 0.87 ° 0.9 52,3
10 1.77 - 9.87 . -49.8 . . 5;89-; 5.65 52.0
11 - 4.7 - 472 -117.1. - 4.2 - 4.0l ' 45.3
12 1.74 1.66 -128.1 =126 . - 1.1 46.3
13 6.63 1.28 - -133.4 . 2,45  2.48 83,5
14 10.28  11.27  -160.3 - 1.16 ° 1.6l . 50.4
15 . 1.06 -11.04' - = 79.2 - 2,55 2,51 3.4
16 4.1 -7.8 . -98.7 . 4.23  4.09 - 53.5
17 9.2 3.8 -157.0 . 3.34  3.69 49.97
18 0.53 - 9.45 . - 44,6  4.03 - 3.93  43.49
19 3.2 -10.35: .- 62.5. 6.65  6.26 56.23
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' " APPENDIX A3: '‘Derivation of an analytical relationship
. 'to be used for the comparison of the two
‘possible confiqurations 'i.e., direct and :
indirect for the separation of three component
feedstocks. ‘

‘ ' Vapour flow from the top of a distillation column is given by

V = D(R+l)
- if R = 1,25 R __
min
:then V =D (1-25R . + 1) o .. ' ‘ ---‘o-o-‘o-(Al).
: ©min :

R . will be determined, using Underwood's method, i.e. R , will be
min : ‘ L 7 Tmin .

 calculated from the following: ..

A . ¥ + B X .+ C 'xCD = Rmin-+ 1

B~¢p %c-¢ | R -V}

o v o
5 . = -
aA « Xap + ‘aB - - C xCF 1 -qg 3
A—¢ B-¢ ‘. C—¢ 7 e e ese ssee JL

as all feeds will be at their bubble point temperature, then

g =1 and egn (3) becomes

A . X + B x_ '+ C X = wesesesss (A4)

Il
v

Putting the. left hand side of egn. (A2)

ie.Y=R, +
i.e. ¥ len_ 1

then it céh be shOﬁﬁ-that

v, =D, [1.25 ¥, - 0.25] ' ' erseenesssas (BS)
i .1 S S o S ‘
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Thus for two columns in a given configuration, the sum of the

vapour loads from‘each column would then be

=Vt Y,
= D, [1.25¥; - 0.25] + D,[1.257, -0.25]
= 1.25[D¥) + D¥;] - 0.25[D;4D,] R 1)

For the comparison of the two possible configurations,for the
separation of three component feeds, an expression relating the

difference between the total vapour load froém each configuration

would be as follows:

(V1+V2) D" (V1+V2) i = 1:.25] (D1Y1+D2Yé) n” l(DlYl+D2Y2) i]

- 0'25[(D1+D2)D f (Dl+D2)i],

or say'ég‘.=' 1.25

F S5 (DY) + DY) = (DY) + DY) ]
F . 1 2 D 1 2 i L N N

This expression will now be re-written in terms of variables which
describe the state of the feed and the degree of recovexy specified for
each component,

i.e. in terms of the following:

(1) - Reed comp031t;9n: XAF'_' xBF" xCF

{(2) Relative volatility of feed componeﬁﬁé;'aA GB uc ., and
. . N ’ ) ’ ’

{3) .The degree of recovery. of each component, RJ%, RF%,-REE.

' (I) Calculation of Distillate flow rates from each column in both
" confiqurations in terms of variables specified above

(i) Direct configuration = Column One

Nurber of moles of Dl::; rmbleé of A’+:moles of B o
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(Component C has been assumed not to distribute to
this product)
0.5

| .i [ Dl'D = XAF-F.RFA + }(BF.F' (1-RFB ) t..t.lt.-(AB)

(ii) Direct Confiquration = Column Two

Nurber of moles of D, = moles of A ¥7moles of B

2.
-+ moles of C .

a

‘ . D2,D = XAFaF.(l-RFA).+-xBF.F.RFB + xCF.F.(l—RFC) |

1 o . . ) . . ---o--o-(Ag)

i . D + D ='x' ;F'+ .F.(l%RF‘ ;‘RFO'S)
-+ 0 P10 T Y20 T Fapt T %Rt B~ B
+ XCF.F.(]."RFC)........-_-(AlO)

‘Indirect Configquration - Column One

Number of moles of D1 = moles of A + molés of B + moles of ¢

an(l-RFc) '_ ' .oo-of.-t-oo(All)

' 0.5
D . = xAF'F + xBF.F.RF 7 +“xCF

1,x B

‘Indirect Configuration = Column Two

Number of moles of D2'= moles of A + moles of B

S 0.5 o |
. . Dz'i = xAF.F.RFA + xBF-F (RFB _RE.B) - l.l‘lllf.l (Alla)

.. D, . +D,, =

. o 0.5
1,i .2'1 xAF'F'(1+RFA) + 3EF.F.(2RFB ~RFB)

+ xCF.F.(l-BFC) | cesssseess{A12)

S R D .+ ; = x .F. . -
<"« (D) p*D, i (D;,l, Dz,;? XppeF + XggF (LHRE = R

+ xCF.F(l.?Fcl xAF'F'(1+RFA)7- xBF-F(ZRFB -RFB) - gCF.F(l-RFC)

xr
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" ' ' 0.5
— 0T + - bd - .---.-co-o“-ooo-
or = Xon {1 ZRFB 3RFB ) xAE‘RFA (313}

Equation (A13) will be used as the second term in equation (A7).

(1I) Deveiopment of expressions for the 'Y terms in Equation (A7)

Underwood's equation'for'Rmi'n was previously written as

Eqn.(Az)"
o o o o :
Y = - A 'xAD fa B 'xBD' + - C 'xCD
A-¢ B-¢ . Cc-¢

]

or say Y 'Cl'xAb +‘C2 Xop + C3 xCD\
orr Y = C X, +Cy % Cs(luxAD - xBD)

¥ = GGy Xy + (G = C) Xy + Cye

For column 1 - Direct and Column 2 - Indirect

»
Il

p = 0.0
then ¥ =C) ¥p ¥ Gy
or Y = xAD-(Cl - ?2) + C .....,.f,..;(AlBa)

2

. The Y functions willfhow-be defived for each column.

{a) Direct Configquration - Column One

Equation will be of the form:

Y % Xap (Cl - C)) + ;2:!
now X, = . humber of moles of A in D,
.- number qf moles of Dl
- xAF.F.RFA'
D

1
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. . Yl'D .AFD A (c1 - c2) '%,cz
1 T
o
wherg-cl, = a—*égﬂ
AB—¢l
..} 1
and C2. = 1-¢1
g | ‘ ' C, D
- P [x _.RF, (C, = C,). + 2 71,D]
Yl’D_ ) AF°TA YL 72 =
r [x ‘RF(‘C.—C)l-Il-C'(x RF +x {1- RFO 5)]
——— AF"TA'TL T2 2AaFr" A F°
1,D 1 _

.-...‘.‘.'- (Al4) .

by substituting forD.

f . ‘_ .'. .
l,D_ roq quatlon (38)

(b) Direct Configuration - Column Two

. _ Xpp- T+ (1-RF,) o SR
ST D
.ADZ - 2,D
.FI -
Rgp-F Ry
*sp2 N
2'D

Substituting in Equation (Al3a)

= -l ;‘ 1 o . [
-YZ,D (Cl c3) XADZ + (C C ) x BD2 + 03
. . = __F_ [ - | | + ] ',,_ ]
e Yy h b, D [le] ~¢p %, (1 RF ) (c ' c3)xBF .RF, + €3 Dy p ]

F

Substituting for D from Equation (A9)

E _rw - ‘-
2,05, = [(c; - chx, . (1-FF )+(c2 c3)xBF RFB
_ , - ,

Y

+c'(x [1-RF,]  + x,.RF + xcF [1-rF DT
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= — ! -
o.r' Y2,D D2, [CBl.x (l RP ) + C132 gp R + C} (xAF.[l RFA.]
+oxgpeREg kG [I-REDT - (A

where C_,. = C! - Cé

Bl 1
- _ACt 1
aAC"“ ¢2 l_¢2 .
= 1 - 1
and CB2 . c 03
_ “ser 1

“Bctog, %2

(¢) Indirect Configuration - Column .1

. . Equation is of the form.
Qpan ‘ . ,"' 1 '.
v, o= AL Xy GBC — +Xgp * 1—5;-'ch
) ] AC _.¢3 ' clt ¢3 "¢3
or ¥, = Map (- dg) ¥ g, ds) a0 * %
’ : . .
where d.‘L - d3 = .'g"ég_ - L
. ) 1. -
A=, 14,
o
| T -
and -d2 da. 2 .
. e, 1-¢4
. X, .F
L o - TAF
Now 2ppp - o
“1l,1 :
- "'XBF.FRF S
and Xppy = D
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‘ - - o 0.5 -
b, = Lo [ldp=dgdmyp + (dy-dy) % RE™ 4 dy D) ]
Li o —F -

" substituting for D, ; from Equation (All) '
: : s

t 0.5
A £ [d-dg) wyp + (dp-dy) xpp.RFp
A°D .
1,1
. + d (x ' + X ;RPO'S + x (l;RP ))J'
| Co T %Y T Rt T¥er VTN

ceereeee. (A16)

(d) Indiréct Configuration - Column Two

Equation is of form

Y, .= X, (di -4') + 4 .

2,1 2 2 -
e XAP'F'RFA
Now AD D,
. T21
' 1
_.. v - @ - d'j xAF.F.RFA + d2
S e e 2,1 1 . 2 D.. .
21
o . d D
v gty 2 721
_ g [ (dl d2) :«:M.RP.A L ]

21

substituting for D

51 from Equation (Alla)
Y, = - [4.. '.RF- +,d;_(x ”}RF:-+ X £RF°'5 -RFID ]
21~ D,y TBTAFTTAT %2 MFartTa T TBE ST B
e veeee (ALT)
E = v 1
where dB dl - d2

a =_mv - 1

 %aBg, 14
1 - |

1 = ——

', 1-
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(III) " Development of objective function (Equation A7) in final form
The objective function was pfevibuély derived as Equation (A7)

AV [( Y. ) - (Do, Y.. +D.. ¥..) 1

i.e. —— = F DlD lD 2D‘ 2D 11 "1i 21 21
. 0. ) -
. L 025 [y e D) - (0 Dy ]
- now substituting as follows:;ﬂ-
for YlD SR L equation (Al4a)
Yoy | . -..'e.quatiori_(Al5)
Y, . gqua#}anpAlS)
Yo: - .e?uatlon (Al?).

together with equation (Al13).
The equation so obtained can be simplified to yield the

following expression:

}e_v - 1.25x,.(Co0 + Cy - dyy .‘ds) + :L.525 x,prRE,(C +02 Bl 3)

.+

- . ' e ' v
1.25 xBF(C2 0.2) + 1.25 XBF'RPB (C32+03 + d2 0.4)

1.25 xBF.RFg's (0.75- c2 o 3-d') + 1,25 x,p(1-RF,)(C}~d,)

-+

The expressions in bfackets_can be Ffurthep simplified by expanding

the volatility terms and theﬁ cancelling. |

. AV ot A1t
e T 1.25 EXAF(Cﬂ_dl + RFA(cl d1 Cl f 0.2)) 1]



189,

- t | . . A -0 -
+ %50(Cy-0.2 ¥ R:FBL_C2 + ) 0'4J.+ RE, [0.6-d,-C,~d}T)

+ XCF(l-RFC)(Cé - da) J - --oo---(A_la)
S [+
where C; = b fB 1
I 81 1D
' 1
C = [ ]
2 1-97 q9p
.(1
c; = I3 AE¢ ]
AC*2 2D
o . -
BC -
¢t = [———]
2 - TopaTdy Top
cy = L 1 ]
: 1-4, 2p
2 ‘
. .
: AC
d = [ 1,.
1 %0 ¢3 i
[s ]
g = [5=]
BC '3 1i
_ 1 o
da-'s' L 1-¢3 1 1i
-
a = [ GAB_¢ ]
_ AB 4 2i
. ) L .
dé .' '[;-¢4] 21

Thus Equation (A18) is a mathematical model relating the difference in

K
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overhead vapour flow per mole of feéd'to'the feed composition,
component relative volatilities and the degree of recovefy.
The model unfortunately contains four values of the Underwood

parameter ¢,
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Exror in Flowpack Simulation Package. ,




~ole2. ‘
. APPENDIX Ad4: Error in Flow Pack Programme

Reference has been made in fﬁe téxt to the error which was
dis;overed by the author in the distillation sub-routine of the programme
"Flowpack'. An example of this error is included to illustrate a -
difficulfy encountered with the use of the Underwood method for the

determinaﬁion of the minimum reflux ratio.

As an example consider a three'component feedstock having the

following composition:

X, = 0,2
xB = -074 )
X = (.4

and having component relative volatilities referred to component B as

the heavy key as follows:

v
'« AB = 7.2707
a BB. = 1,0
a CB = 0.7944

For this feed at its bubble point, the value of 'q' in the Underwood
equations will have a value of 1.  Thus an iterative solution procedure
is required to solve the_foliowing equation:

® AB. x @BB. X,  aBC.aC

A . B, A
‘a0 AB=~ @& @ BB~ § - @ BC - f

. Using the'Newton—RaphSOn'method, the‘?6b£s'of,thé‘equation are found by
use of the expression
_ D fw
£ (%) .
1, ] . S -
where @ is an improved value o£ the root. By use of this method, a value

of ¢ of 3.0143 is obtained. In this case, interest is only centred on
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;he value of @ lying between the valuelof the relative volatility of
the light key component, i.e. 7;2707'ana I.0. Confirmation of this
value of the root can be made by calculating the value. of the
exp;ession over the-rqnge-of‘values of a.‘:.Figure Aé provides a

computer'printout illustrating the solution. The tolerance imposed

on the solution by the Newton-Raphson method was 0.001.

For the solution by the method of fhe_Bbunded-False-Position;

the previous equation of Underwood is modified to the following: =

aAB x@ 4 oBB xB + OCB xc X (aBB - @) (aCB ~ ) | . error
oAB -§ aBB -3 aCB ~f ' E

where the value of E was originally set at a value of 0.00001,

- The method of Bounded-False—Positiqn'involves the detéfmination
L of ﬁhe value of the above expression at values marginally less than ana :
Qreater than %;é?07 and.l.o respectively. (By the natufe'of the
Underwood's équatiéns; tAe‘expréSéion is infinite at the values of
7.2707 ana 1.0). | When the.valﬁe of the expfession is determined at
these two values, the line joining the two values-bf the expression
provides the imprdﬁed yalue of the rodt by. its ihtersection of the ¢
axis. This value is then used-as the upper value tq replace the previous
upper value of 7.2707. However, in the programming of the method, the
value éf_E was in effect multiplied by 100.A convergence limit of 0.1

was also set., Asa result of this, a value of 2.3528 was obtained for g.

It will-be noted from Figuré'Az which i8 a computer output
for the iterative solution, that the value of 2.3528 is the first
iteration value-obtainéa. Thié.value provides a valﬁé of the expression
inside the toleraﬁce sét byufhe Bouﬁded-False-Position method as

programmed. With the tolerance set by the Newton-Raphson solution, a
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value of 3.01465 was obtaihod'fourlitératioﬁs iater.

To illustrate the effect of the erfof‘in_ﬁhe values of the
minimum reflux ratio, an example is given'in Table.A.3: -This table
gives the value of the minimum reflux ratio calculated by (a) the
Underwood‘method lncorporatlng the Bounded-False-P051tlon method as
incorrectly programmed and . (b) the Newton-Raphson method. The feedstock
used in the’example is a four component feedstock in which components
B and C are the light and heavy keys respectively.

When the dominant component is ‘one of the keys, then the
dlfference in values obtalned by the two methods is not significant.

However, when the domlnant component is not one of the keys, the error

is highly significant.
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TABLE A3. Comparison of Values bfuRmin Calculated

by InéorreétrFlowpack Programme and the

Correct Values Given by Newton-Raphson.

ponent

Feed

Composition

Value of R .
: min

Bounded False-

Position - Newton-Raphson

0.25

0.25

0.25

0.25

1.5018  1.409%6 o

0.7

- 0.1

c.1
© 0.1

© 1.0646 0.6799 o

0.1
0.7

0.1

0.1

- 1.0079 1.0214- _ |

0.1
0.1

0.7
0.1

5.2338 4.2334 B |

0.1
0.1

0.1
0.7

1.6377 ©.3,4794
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""APPENDIX A5;  Papers published:byiAﬁthdr in

Field of Study.
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APPENDIX.AS ~ Published Papers

The author has published three papers in the field of study.

. These are as follows:

(%)" Freéhwater, D.q.,énd Henry, B{D; "Optimal Confiéuration
of Muiticomponent bistillation SYstems"ﬁ Papér
presented to the Seventy-Sixth National Conference of
the American Institute of Chemical Engineers, Tulsa,

Oklahoma, March 1974.

 (i;) Freshwater, D;C.;and Henry, B.D. “Tﬁe Optimal
Configuration of Multiéompbnént Distillation Trains".
‘The Chemical Engineer, Né. 301,"533—536, September,‘1975.
{(iii) Henry, B.D. "Se;ectioﬂ of Economic Process Routes for
the ééparafion of Multicomponent'Feedstécks by
Distillationﬁ; "The Institution of Engineers, Australia.
Fourth Nati&nal Conferéncelon Chemical ﬁngineering: The
‘Effectivé Use of Hydrocarbohs Resources, Adelaide,
August 1976, Preprints of Paperé Pp.46-50 (The Iﬂstitution
of Engineers, Australia National Conference Publication

No. 76/6).

"
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APPENDIX A6.1 - Flowpack Programme - Input Specification

For this programme, the cards which constituted the data were:

CARD 1 This contains the word "DATA TITLE" beginning in column 2,
CARD 2 The title of the p:ogfam.
CARD 3 - The nunber of components., This is punched as number

beginning in column 2. A maximuﬁ of 25 components is

allowed.
CARD.4 " The key word "NAMES". 'Thisuiswgiven.only if the names

§f the éomponentslare to be supplied,
CARD 5 : The component hames aré now given each on a separate

'cArd. Each name may be of up to sixteen charécteré:
CARD 6 '  ~ ’The key word “YES".r_ﬁhis indicatés-that physical

. prﬁpertyldata will_beisuppliéé,
CARD 7 o The key word "ANTOINE" §¥ "NGPA". This indicates
. whethef Antoine coefficiénté or NGPA data is fo be used

for K Va;ué.deteimination,
_CARD 8 ~ The constants A, ﬁnﬁnd éla?é‘now given, the.values
fér each component'beiﬁg op_a separate card. The

Antoine constants  supplied should fit the equation

B

lpgé P =_A” t e ceneess (7)
where P is the pressure in mm. Hg and T is the
temperature in degreés céhtigradé.

K values determined by NGPA data are given. as

K() = A1) + BU).T + C().T° + D(E).1°




CARD 12

'CARD 13~

CARD 14

 CARD 15
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The kgy word ﬁNOMOLWT“.V'This.indicates that no
molecular weighté are éuppliéd.'
The key.word “HﬁAT“. 'This‘indicates_that enthalpy
coefficients are to be supplied |
The mplaf enthalpy céefficiénts for béth ligquid and
vapor phases are now given, the data for each component
)

being on a separate card,

All eight coefficients for each component must be on

-the same card the liquid phase coefficients being

given firxst,

The coefficients should fit the equations .

L +LT+'L3T2+LT3 a C eeee. (8)

HL=1L) + L, 4

. 5 3'- C - . .
+
2 va + v3'1' + v4¢ ' ) (9)

HV

‘where HL and HV are the enthalpies @f the liquid and

vapor phase in kJ/kg mole; T is the temperature in

dégrees kelvin;'Ll, LZ’ L3 and L4Iare the coefficiénts
for the liquid phase and Vl, Vor V3 and V4 are the

coefficients for the vapor phase.

. The key word "END", This indicates the end of the

physical property data!

The number of external streams to the process, -

Thig contains the unit number to which the external

| stream goes and the input numbér for the stream to the

unit in'that.order;

The total number of process units. The maximum number

of distillation cblumns-(units)_is 10,




CARD 16

"CARD 17
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ThlS card contalns the unlt number, the unit type, the

number of lnputs to the unit, the nuwber of outputs

~ from the unit, the destination of output 1 in terms of

the unit number it is g01ng to and the input number for
the stream, and the destlnatlon of Output 2 in the
same form as Output 1, in that order.

The unlt numbers for dlstlllatlon ¢columns range from

1 to 10 and the units should.be numbered in the order

- in which the calculation is to be'performea.i

The unit type number for a distillation column is 7.

. The nunber.of inputs to a distillation column unit = 1.

The number of outputs from a distillation column unit = 2.
Output 1 is the top product from the distillation column
and Cutput 2 is the bottom product from the column.

From each output stream the unit number and iﬂput number

of the unit to which it is joined must be specified.

There is only one input to the distillation columns so

‘the input number is always 1. If the output is to the
environment the unit number is put equal to zero.

A card of this type should be proyided for each process

unit.

‘This contains the unit parameter data for the -

distillatioh column. A card of this tyée is required
for each unit.

The drder of the date on‘the card is as follows:

(1) Unit number

(2) Light key component number

(3) Heavy key cemponent‘ﬁumber

(4) Fractienal.recoverytefiiight key in‘the distiilate

(5) = Fractional recovery of heavy key in the residue

R




CARD 18

CARD 19

'CARD 20

CARD 21
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(6) Pressure drop per plate
(7) Reflux ratio as multiple of minimum reflux
(8) ' Condenser indicator. The value is 1 for a total

condenser and 2 for a partial condenser,
The key word "MOLE". This indicates that the flow rates

are to be given as molar flows/hr.

The number of streams to be initialised. "initialisation"

means the specification of the temperature, Pressure,

composition, of the feed stream. As there is only one

feed to each configuratioh, the #alue_for thé_number of

streams to be initialised is 1.

‘This card contains the data for the feed stream in the

followihg drderi
{1) Unit Numbef - the feed ié from the environment,
. 80 the value is zero.
(2) ' Output number - as the feed is.frém énvironment,
~ the value i$ one.
(3)  Temperature of the Feed in deg?ees kelvin.
(4) Pressure of the feed.ih N/mz.
(5).‘ The amount” in Kg moles/hour of each component in
~the feed. The amounts are given in the order of
fhe component numbeks,'the amount of compqnent 1
bgipg first.‘

This card contains the data. for the calculation

" requirements.

The order of the déﬁa‘oh the card is as folloﬁs:

(1) Method of solution - there are six methdds_for
solving the eéuationsrin the p:oéraﬁ and the
details of each are available in the FLOWPACK

manua%.‘zo)-; As théfe.are no recycles in the




CARD 22

CARD 23

CARD 24

CARD 25

CARD 26

(2)
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configurations we are considering, simple repeated

substitution is the best method, so a value of 1

-_should.be‘given.

Accuracy required - a value for this of 0.00l was

- given,

(3)

(4}

(5)

Maximum number of iterations ~ as there are no

recycle streams, only one iteration is needed, but
the value is set equal to 20.

Intermedlate Prlnt Parameter - this controls the
output of the,results from_the program. There are
four.parameters in oSe. Tﬁe value 3 is given. This
prints oot.the values of the temperatures, pressure
and component.moiar'fldw'rates. |

Final Print Parameter. The value is 1 This gives

a prlnt-out of molar flow rates and mole fractlons.

The key word “PARAM“. - The data for one calculation is

'complete when Card 21 is supplled. ' PARAM indicates
- that a new sectlon of data is going to be prov1ded in

'which the unit parameters:for the units have been changed.

Number of units with parameter'changes.

" The new unit parameters for each unlt are now given.

These catds are of the same type ds Card 17.

In the pro;ect the 1nmt1al unlt parameters gave 99%

recovery of all components, and the new parameters

. give 95% recovery of all components in the feed.

Card 22 is repeated.

Card 23 is repeated.
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CARD 27 - This contains the new'valﬁe% of the.unit parameters
fqr'90% recovery df.al1 componenté. IOne card for
each unit must be given and the card is of the same
type as Card 17.

CARD 28 The key word "YES". This indicates that new values’

| . are going to be supplied for the unit parameters'and

for the feed étream‘specifications.

CARD 29 - card 23 is repeated.

CARD 30 - Card 17 is repeated.

CARD 31 | Number of sﬁreams ﬁo beﬁehanged. The va;ue for this
is 1. | | | |

'CARD 32 The new data for the feed stream is provided. . The

caﬁd‘is of the same type as Card 20.

CARD 33 . card 22 is repeated.

CARD 34 Car& 23 ig repeéted;
: )
CARD 35 Card 24 is repeated.
CARD 36  Card 22 is repeated.
CARD 37 'Card'23 is repeéted.
CARD .38 | Card 2? is repeated.

The calculation for all three cases of recovery for the
new feed stieam, the data for which was provided in Card 32 has now
been &ompieted. |

For every‘new feed stream; Cards 28 to 38 are repeated,
the new data for thé feed stream being given in q?rd 32.

"If no mofe new.feed streams are to be considered, the .
p;og:am,is'terminated by qiving_the key‘wqrd 5NO" instead.of "YES"

in Card 28.
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APPENDIX A6.2:

. ' - FLOW DIST PROGRAMME - INPUT SPECIFICATION

The data is read in usingl"Free'Format'(F.O;O)".
The arrangement of data for this program is as follows:
ar
CARD 1 - - The title of the program. Any-title of up to 72
' characters can be given beginning in column 1.
CARD 2 ;" The number of éompoﬁents.'A maximum of 25 cémponents is
| fy allowed. The format is I2. |
- CARD 3 ._ The component names are now éiven, each on a separate
card and beginning in column 1. Each name may be of up
to sixteen,characters. |
CARD 4 - . = Depending.on“whether Antoine coefficients or NGPA data was
' '~-bein§_used forrfhe generation df ;he K values, the constants

A, B and C to be read in represented the following:

(a) Antoine Coefficients. These coefficients fitted the

equation: - . o
1nP = a(i)- + —B)

C(i) + T

where P is the pressure in‘mm.Hg. and T is the temperature -

in degrees centigrade,

(b) NGPA data. The coefficients fitted the equation:
. . ) ey o2 . 3

K(i) = A1) +B(i) x T+ C(i) xT° +D(i) x T
CARD 5 . The molar enthalpy coefficients for both liquid and vapour

phases are now giveﬁ, the-data_fCr each component being

on a separate cérd.;_All eight coefficients for each

component must be on the same card, the liquid phase
coefficients being given first. The coefficients should

fit the eguations: ”




CARD 6

CARD 7

CARD 8-

CARD 9

CARD 10 .

CARD 11
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: o2 3
L+ 5, +L, T +1, T

HL

2 3
= <+ ;
ov Vl VZT,+ V3 T + V4 T

where HL and HV are the enthalpies of the liquid and vapour

phase in J/Kg; T is the temperature in degrees kelvin;

Ll,-Lz, L3_and L4 are the coefficients for the liquid

phgse and Vl, Vé; §3'and V4'are éﬁe coefficients for the
vapour phase (Free'qumét).

The costing paraﬁéﬁer is now given. If costing ié not
required read in a‘value of zero otherwise read in a value
og.l (Forﬁaﬁ 12). If'éogtiné‘is‘noﬁ required the next
data caxd will be CARD 15, -

The molecular weights of the compbnents, each one being

‘given on a'separate card (Freé Format) .

The liquid density coefficients for the components. All

. four coefficients D Dé; D3,fand_D4 are punched on the same

card and a separdte card is required for each component
(Free Format).
The coefficients should fit the equation:
DL = D +D'T+DT2+DT3

1 2 3 4
where DL is the density of the liquid in Kg/m and T 1s
the temperature 1n degrees kelv1n._
The values for the Flood Factor and System Factor are read
in (Free Format). (The‘valueS-normally used are 0.7 and-
1.0 respectiﬁely).
The service life of equipment in years (Format I2).

The two coefficients for the vapour capacity factor equation

and the two coefficients for the vapouf capacity factor limit
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point equation are given on the same card with the
' wvapour capacity factor equation coefficients being
~given first (Free Format).
(The vapour capacity factor equatioﬁ coefficients are:
.Fl = (,46000 _ F2 = -=0.01500
The vépour capacity factor limit point equatién coefficients C
are:

F5 = 0.60809 F6 = -0.06182

CARD 12.i, ' The overall héat.tfénSfer‘coefficients fqr the condenser
and reboilér; in ﬁ%mz?K in fhat-order {Free format);
CARD 13.' This contains theiéost dgta in the-foliowing oxder
| (Free formati: ) |
(1) The cost of a distil;ation column with'&imensién
parameter of 100. | |
(2) The cost of antraf_ﬁith an &rea of 9.29 m2.
(3i'@he cost of*a heat exchénger with surface area of
92.9 m. | |
(4) The cost of 4546 1it£es of cooling water.
(5) The cost of 453f5:Kg-of steam.

{6) The cost of 4546 litres of chilled water.

CARD 14 . This contains theﬁslopes of the cost curves in the
following orderf(Frgefformaﬁ):
(1) Slopé of dimension parameter Vs.‘column cost curve
{2) Slope of tray area Vs. cost curve
. {3) Slope of heat exchanger surface area Vs. cost curve.
CARD 15 The tbtal number of proéess units (Pormat I2).
CARD 16 This contains the uniﬁ'numberé to which the distillate
and bottoms streams:go. The destinatioh of the distillate

stream is-given first (Format 2I2).
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CARD 18

CARD 19

' (2)  Pressure in N/m“.
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If the distillate stream is a product stream, the

unit number if put‘équal‘to zero, i.e. LT{I)=0.

If the bottoms' stream is a product stream, the unit

nurber is put equal to zero, i.e. LB{I}=0.

»

This card contains the data for the feed stream to

unit number 1 in the followiﬁg order (Free Format):

(1) Temperaturé of the feed in degrees centigfade
5 . o
(3) The amounts in kg. moleé/houf ofreach component in
" the feed. The amoﬁhts'ére‘given in the order_of
the'componéntanmbers;.thé amount.of coﬁﬁonent 1
.being first, :
This contains part of theﬁﬁnit:parameter data for the
distillation column; . A-éaf& df:this typo i required
for each unit?.The order-of”tﬁé.déta on the card ié

as follows (Format'BIi):

(1) Light key compqnent'humber,“

. {2) BHeavy key compoﬁent number

(3) Condenser indicator; The vaiue is 1 for a total
condenser and_2.for a‘paitial condenser,

The rest of the ﬁnit parémeter data for the distillation

column is given on this card. A card of this type is._

required for each unit. The order of the data is.as

follows (Free Format): |

(1) Fractional recovery of'iight key in the distiliate

(2) Fractional recovefy of heavy key in the bottoms

(3)  Pressure drop'per plate

" {4) Relux Ratio as multiple of minimum reflux.
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CARDS 18 & 19 are repeated for each unit' as follows:

Card 18 for unit 1
' Card 19 " for: wnit 1 L,
Card 18 for unit 2

Card 19 for unit 2 and so on.

CARD 20 *;1 ihe value ofdthe.parameter KEY is now given.' This is a
.pafameter for the ;e#ding in of‘further daté (Format I2)
W kY=o
No further data‘to be-rgad;in.- Program stops
(2)  KEY = 1 |
New unit pérameters are to be read in.
Data cards 18, 19 and 20 are repeated.
(3) xEY=2 N
| New unit stream is to bé initialised.
Data cards 17, 18, 19 and 20‘aré repeated. . -
(4) KEY =3 |
New procésé topology is to be read in
Pata cards from CARD 15 to CARD 20 (both inclusive)

are repeated.



The program COST, was used to cairy out the costing calculations '

for a distillation column, condenser and reboiler.
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3

APPENDIX A6.3 - The Program "Cost"

S

All the costs are in'ppunds sterling. The program COST is

in three parts, the master progrgm‘bOST'and the subroutines DATAR 1

and COSCA 1.

MASTER COST

This reads in the data which is common for-all the runs . to be

made. The data which is read in is as follows:

(v

(2)
(3)

(4)
(5)

(6)
(7)
(8)

9)

(1)

(11)

(12)

(13)

{(14)

(15)

9,29 m“.

the number of components in the feed to the distillation

‘column.

The molecular weight of each component in the feed. .
The liquid density_coeffiéiénts for each component in the
feed.

The coefficients for the #apourcapacity factor equation.

" The coefficients for,the vapoyr capacity factor limit point

equation.
The flood factor.
The system factor.

The cost of a distillation column with dimension parameter

of 100.

The cost of a distillation column tray with an area of
2 : .

The cost of a 92.9 m® surface area heat exchanger,

The cost of a 4546 litres of cooling water.

The cost of a 453 Kg Of 690 ki/m’ steam.

The cost of a 4546 litres of chilled water.

The slope of the column dimension parameter vs cost curve.

The slope of the tray area vs cost curve.
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(le) . The slope of‘heat exchange¥ surface area vs cost curve.

(17) The overall heat transfer coefficients for the condenser and
feboiler. |

(18i- The serviée life of the equipment in years.

It also reads in_the number of runs which are to be made
and for each run the two subroutines DATAR 1 and COSCA 1 are called

up in ‘turn.

SUBROUTINE DATAR 1

Hr ' '
This subroutine reads in the data for each run. The

following data is required for this subroutine:

(1) =~ The feed to the.diétillation column in Kg Moles/hour.

{(2) = The top product from,the‘colﬁmﬁ in Xg Moles/hour. *

.(3) The bottom product from the column in Kg Moles/hour,

(4) " The reflux ratio.

(5) " The mole fraction of each componeht in the bottoms product.
{6) - The number of theoretical plates in the column.

{7y .. ;,_The top £émperature of the column in degrees,kelvinf

(8) | © The béttom téﬁpefatu?éMof the column in degrees.kel§in.

(9} ‘The column pressure in N/ 2,

(10)  The condensér:heat load in GJ/hourx.

(11) The reboiler heat load in GJ/hour.

SUBROUTINE COSCA 1

This subroutine perforﬁs all thé calculations for the cost
of equipment, steam and water.-The cbsﬁs_for the equipment are sumﬁed
to. give the total major equiémgnt'éoét and the total yearly
operaﬁing cost is also caiculated.

The assumptions made in this subroutine are:-

1. The vapourobeys the idéél gas laws.
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2. 7 constant molal overflow is assumed in the column.
3. The diameter of the column ig based on the vapamx flow

at the top of the column.

' 4. ‘ Tray efficiency ié-éO%;-
5. -.Tray.spacing'ié'ﬁi cmé.J.L”r
6. ': The tray afea is 85% of column area.
7. i It is assumed that the eqﬁipment is operated‘éll thé year.
- 8. ~ A1l eqﬁipmént is considered.to;be carbon steel.'

The design procedure adopted for the design of the columns
‘is in;accordance'with the Glitsch Ballast Tray Design Manual and

~will not be described in this Thesis.

‘Calculation of the cost of the distillation column

The diameter of the cblumn is multiplied by the height to.
give the dimension parameter VI. The cross sectional area of the
column is calculated and the tray area TA is taken to be 85% of it.

The cost of the column is now calculated using the eguation

on® e ™

cr = el x 5 Ciasoy * My L..as

The cost data provided for the cost of equipment is the
cost in 1969, so this is multiplied by 1.505 which is the ratio of

the Process Engineering Cost Indices for 1969 and 1973,

The overall heat transfer éoefficient, U, for the condenser
has been taken as 567 W/m  °K.. The surface area of the condenser, A,
is then calculated using the formuia
I . . -
. : ,
. U x TD

- If the surface area of the condenser comes out to be greater

than 929 m° the area 'is divided by -two and the cost is calculated
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* for the heat exchangers with the new areaand multiplied by two.

The cost equation used for the condenser is of the same

type as used for the column, that is

E
C A )3

= (1000)

The cost is updated by_multiplying by 1.505.

. Caleculation for the cost of the Reboiler .
690 kN/m2 steam is used as the heating medium in the
reboiler and its temperature is 170°C. The log mean temperature

difference in this case is calculated by the equation

T8 = 170 -~ T
The rest of the method is similar to that used for the

costihg‘of the condenser.

‘Calculation of cooling water cost _
The cbolipg water cost per;year is ‘calculated using the ‘

equation

_ 24 x 365 x C4_x HC
1000 % DT % 8.33

cw

The cost of chilied water is presénted as cboling water cost and is |

calculated by a similar eqﬁatioh,.the only differen;e.being that C4

is replaced by C6.

Calculation of Steam cost .

The cost of steam per year is calculated using the‘equatidn

24 x 365 x C5 x HR

s =

1000 x 1000 .
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' Caleulation 'of Total ‘Major 'Equipment Cost and Total

" “Yearly Operating 'Cost

The costs for the distillation column, condenser and reboiler
‘were sunmed ﬁp to give'thé totéi.major equipment cost, CE. |

The installation cost for the eégipment was -taken to be
equal to 3 times the major”équipmeht éost, ?herefore the total cost
of equipment and installation iS'équal to fgur times the major
equipment cost. The equipméntyés'assuméd to be depreciated in 10 years
. and the total yearly éperating cost was then calculated by summing
the depreciation cost_per.fear, cooling water and steam costs. The
_‘equation_for total yea;ly operéting cdét;is- |
'.(4 x CE)

co= 22X L s o+ oW
( 2z ) o

‘ARRANGEMENT OF DATA CARDS

- All the data ié punched-ﬁuﬁ 6h dards and free format ﬁas
been used for the data except in caées.where some other fofmat is
mentioned. |
CARD 1 The number of componénts iﬁ'the feed mixtu#e to the

configuration. The format is‘IZ.
CARD 2" The molecular wéigh£ for the component.
CARD 3 The liquid density coeffiéients for the component.

lAll four coefficients are punched on the same card.

‘Cards 2 and 3 are repeatgd foi each‘qpmponeﬁt-in the feed.
CARD 4 The two coefficients for the vaﬁbuféaéacity‘factor equation.
CARD 5 | The two coefficientslfor the vapdﬂ:capécity factor limit

point equation.
CARD 6 The flood factor and fhe‘syétém.facto:.;

- CARD 7 This contains the coét'aataiin thé_following order:




" CARD 8

"CARD 9.

CARD 10
CARD 1l

CARD -12

CARD 13

CARD 14

CARD 15
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{1) The cost of a distillation column with

dimension parameter of 100.

(2) The cost of a tray with an area of 9.29 mz.

{(3) The cost of a heat exchanger'ﬁith surface area

of 92.9 m2.

.-(4) The cost of 4546 litres of cooling water.

(5) The cost of 453.5 Kg of steam.

(6) The cost of 4546 litres of chilled water.

This contains thé'élbpes of the cost curﬁes_in the
following ordéf;'L - |
(1) Slope of dimension parameter vs column cbst

curve. -
(2) Slope of tray area ﬁs_cost curve.
{3) Slope of heét‘exchangér surface area vs cost. curve. -
The overall heat transfer coefficients for the condenser
and reboiler, in w/m2°K, in that order.
The éervice.life 6f-equi§ﬁ¢nt in years. The format is I3.
The number of runs to be made. The format is 3.
This contains the vaiﬁés of the feed, distillate and
bottoms flow rate aﬂd-thélreflux ratio for the column in
that order. All flow rates are in Kg Moles/hour.
This contains the mole fraction of all components in the
bottom éroduct from the co;umn in the same order as the
molecular weights‘have been given.
The number of theoretical plates in t@e column, the
temperature of the'bottoms énd the toé product in degrees
centiérade, and the pressure in N/m? are set out in tﬁat

order.

The condenser and reboiler heat loadé, in GJ/W hour in that

order.
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Cards 12 to 15 are repeated for each ryn to be made.

A print-out of the programme is given in the Appendix.

"Flood Factor - = '0.7

System Factor = 1.0

Cost Data:

Cost of distillation column ¥;dimension

parameter of‘lOO . : S o= £ 1200.0000
Cost of a 9.29 m’ tray R S = £ 270.0000
éést‘qf a 92.9 m2 heat‘excﬂanger | | - . = £ 2625.0000
Cost of 4546 litres of cooling water = = £ 0.0900
Cost of 4546 litres of chilled w.até:.rl = &t 0.1800

Cost of 453.5 of steam - ‘ o = £ 0.5000

Slope of column dimension péraﬁeter

vs cost curve : L .= 0.4310 -
Slope of tray area vs cost curve = - o= 0.9230
‘Slope of heat transfer area vs cost cufve”' o= . 0.6330

.

_ Overall Heat Transfer Coefficients

For Condenser: 567.8 W/m2°K

For Reboiler: 709 w_/m2°1<' -

Service life of equipment = 10 yearsh
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APPENDIX A6.3.

MASTER COST

START

v .
Read number of components,

N
¥

Write N

4
¢
For I = 1, N

Read molecular weight and liquid density
coefficients for each component and write.

é

Read Flood Factor and
System Facteor and write.

L

Read cost data for equipment and utllltles,
and slope of cost curves and wrlte.

L}

]

Read overall heat transfer coefficients
for condenser and reboiler and write.

y

Read service life of equipment
and write,

Z
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Re_ad numbexr of runs, III

L

For II = 1, III

Call DATAR 1 -

T

" call cosca l

CONTINUE

. END




SUBROUTINE DATAR 1

-

START

Read flow rates for feed, bottom and top
pProducts and reflux ratio and write.

:

Read mole fractions of the components in
the bottom product and write.

Read the number of theoretical plates ‘in
column, the bottom and top temperatures
and pressure and write,

-

Read the heat loads-for:condenser and
Yeboiler and write.

l

" RETURN

END
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SUBROUTINE COSCA 1

START

;

Convert bottoms temperature to
=]
°F .

|

Compute vapor molecular weight,
VMW and Vapor Density DV.

;

WRITE DV ST

!

Compute density of pure liquid
for each component.

!

Compute the volume fractions of
each component in the bottoms.

-

Compute liquid density DB by summation’
of the products of volume fractions of
the components and their densities.

WRITE DB

1

- Compute Vapor rate, VR
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Compute Vapor Load VL

1

Compute. Vapor Capacity Factor
CAF from coefficients.

l

Compute Vapor Capacity Factor
CA2 for limit point case.

Conmpute Vapor
Capacity Factor
Cal

CRl 100.0

o CAF = CAl
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3

)

Correct CAF for effect
of foaming

CAF

Ccaz

WRITE CAF

v .

Compute minimum cross sectional

area of column ATM

4

Compute diameter of column DT

|

WRITE DT

.Compute number of actual platesﬂ'

in column .

Compute height of column, HT

WRITE HT

l

Compute dimension parameter, VT
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Y

Compute cross sectional area
of column CA

')

Compute Tray area TA

Y

Compute cost of column CT
and update

WRITE CT

4

Convert top temperature TT
' into °F.

"YES
™ < 110°F

Compute log mean
temperature
difference using
chilled water

Compute log mean temperature difference
using cooling water '

o

q g

Compute surface area of condenser AC




AC

" yES

Compute cost of condénser, cC

xS

ac = "

- Compute cost of
condenser and
multiply by 2

[

Update cost of condenser

WRITE CC

| {

Compute surface area AR, ﬁor_reboilér"“

ar = PRy al

Compute cost of reboiler, CR

Y

Compute cost of
reboiler CR and

‘multiply by 2
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Update cost of reboiler and
WRITE CR '

Is
TT < 110°F

YES

Compute

Compute cooling water cost, CW

&

chilled
cost,

- water
W

WRITE CW

y

Compute steam cost, CS

B!

WRITE CS

g

Compute total major equipment cost :

é

WRITE CE
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Compute total yearly
operating cost, O

!,

WRITE CO

l

RETURN

END
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APPENDIX A6.4 - PROGRAMME PSLIDS

simplified Computer Flowchart

START

READ DATA .
Number of Components, Total molar flowrate,

Recovery Specifications, Molecular weights of
Reference Components, Regression Coefficients
for 'K' values and liquid.and vapour enthalpies

of reference components.

!

Read Number of Relative Volatility
' cases to be studied

¥

Read Relative Volatility for
AtoB and for B to C

Read Number of Feed Compositions

J

Read Peed Composition

Compute Bubble Point temperature for given

feed composition and relative wvolatility




v

Compute for Column one direct amounts of
components in both products assuming non-

distribution of non-key components

]

Compute dew point and bubble point
temperatures of overhead and bottoms products
respectively

- Compute relative volatilities at these
temperatures

!

Cbmphte.geometric mean of these relative
' volatilities

.

Compute Total Reflux.Ratibﬂﬁsing_Fenske's
Method and Winn's modification:

:

- Compute distribution.of non—key components
at Total Reflux conditions




Compute K value of components A, B and C

at bubble point temperature

0

Compute ratio given in Table 5.1 to be
used to generate K values over temperature
range for Components A and B

;

Call Flow 1 to generate K values
regression cocefficients for pseudo
components A and B

Compute K values for pseﬁdo coﬁponénts
A and B over required temperature range

Compute liquid and vapour enthalpies using
above ratio over required temperature range,
for pseudo-components A and B

é.

Call Flow 1 to generate regression
coefficients for liquid and vapour
enthalpies for pseudo-components A and B

-

Compute coefficients for Component C
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Compute product compositions

' Sum of overhead
product mole fractions
equal to 1.0

Compute Minimum RefluxX Ratio .using
Underwood Method incorporating
Newton-Raphson Iteration method

Compute Overhead Product Vapour
Flow rate

Compute enthalpies of both products,
‘| feedstock to column, condenser heat
load and then by difference, the

' reboiler heat load

{

Repeat steps from- (5) for column two
direct, column one ‘indirect and
column two indirect
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Compute sum of vapour loads, condenser and reboiler
- L]

heat loads for two columns in each configuration.

Compute percentage difference relative to _
configuration one of overhead vapour loads,

condenser and reboiler heat. loads.

. Compute the difference in the reciprocals of the
i
dew point and bubble point temperature of all

" columns

§

Compute the product of the overhead vapour flow
rate and the difference in reciprocal temperature
calculated to give Thermodynamic New Work

Consumption for each column

Compute the percentage difference relative to
configuration one between the Thermodynamic Net

"Work Consumption values.

Compute Indices - Rudd and Tedder's, Heaven's
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Write folléwing Resﬁlts:—
" Relative volatilities A to B |
o B to Ci
Feed Compqsition o

Feed Bubble Point Témpeiature

Indices: ESI | Heavens '
_Regression Coefficients =~ K wvalues
Liquid and Vapour enthalpies .-

Material Balances

Dewxpoint and Bubblé‘point temperature

for all columns

Relative Vplatilities'for'ali Columns
Reflux Ratios . .”hf'" S

Minimum Stages_' w.oom v
Theoretical Staééé" "ﬁ.ff
Underwood Parameter " " . "
Vapour Loads ' Vjﬁ. wooom
Reboiler Heat Ioads ' " " "
condenser Heat Loads .“ " .'u

Overhead Vapour Load " "

Overall Results - Differences in Percent

Condenser and Reboiler Heat Loads, Vapour

Loads and Thermodynamic Net Work

Consumption
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‘Number of feed composition NO
used equal to total to be.

considered

Nunber of relative
Vblqtilities equal to total

to be considered

YES

- STCP

NG




. . “‘
A 6.5 Example of 'Flowpack' Printout
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FINAL FLOWSHEET RESULTS .
ﬁﬁﬁ*?wﬁf*wﬂeﬁfﬁﬁw**ii*#

PAGE
UNIT %0, N FRED 1 4 > 2 3 3 3
UTPUT N3, - : 1 2 T 2 1 2 i
1Tgupraarnee e - 75,600 57.389 119,929 51,440 . 63 415 105,392 . 142, xaaA;;n f
PRESSURE (MM, 46.) . - 5170,0300 51?0.090ﬂ 5170,00007  5170,0000  5970,0000 © S170.0000 ~ 5170,0000. . .
VAPOUR FRACTINN ' O 0a0000 L1000 C0.00n000 0,000000 .0, onoouo C0L,000000 0 U ouuooo : ;
FLOWRATES (KGUALES/HRY - - ' LT ' : -
COMPANENT R T TR
1 1S30~BUTANE C 100 .00 28.9218 1,082 89.n26 - 9.892 - 1,082 0.000 @
2 HORMAL BUTANE 100,200 95,000 L5600 0 5,0%5° 89,968 4.999 . 0,00% E
3 NORMAL DFNTANE 100,500 5.0 95,000 0.000 5,000 - 89.%65 2,035 . 3
& HEXANE : 100,900 0,020 . 99, 980 , ' 0.000,_ _ 0,020 ‘?.098. 89,982
TOTALS S 409,500 198,038 201.067 T 94,064 106,877 106,046 95,019
HOLE FRACTINNS - ]
COMPONENT S . e
1 150=8UTANE .25 0,4972 0.0054 0,9468 . ,0,00943 0.0102 . 00,0000
2 HORMAL BITANE  0,250% 10,4775 0,0249 0.0535 08578 0,047 ¢.0000
3 NORMAL PENTANE 0,2500 90,0251 0,4725 0,0000 0.,0477 0.848% U,0530
b~ HEXANE | ¢.250) 0,0001 0,4973 20,0000 0.0002. 0.0943 ~  0,9470




UNiT o, o 2

UNIT NO, 3

M et A e

o

CREELIY CRATIN 33,0249

IR R A AL A AR R SRR EE IR R R R R I I I A St S S u o a

TIGER OF THEQRETICAL STAGES AROVE FEED
NUMBER OF THEARETICAL STAGES BELDU rEED
REFLUY 2ATIO  0,73715

LANDEISEP SPECIFICATION

REROILER SPOCLETCATION

10,8355
9.33651

TEMREQATURE

PRESSURE
HEAT LOAD
TEMPERATUUE
PRESSIRE

. HEAT L0DAD

utmaga OF THENRETICAL STAGES ABOVE FEFD

NUIMBER OF THEOSRETICAL STAGES BELOUW FEED

CINPENSER SPECIFICATION

AERVILER IPprCIFICATEON

HUHMBER OF TYHEARETICAL STAGES ARQVE FEED
NUMBER OF THEIRETICAL STAGES BELOY fEED
REFLUX RATIO  1,95815 =

CANDENSER SPERIFICATION

REROTLER spFClFICaTIOu

32,85372
27.57880

TEHPERATURE
PRESSURE
HEAT LOAD
TEMPERATURE
PRESSURE
NEAT LoAD-

11,71255
12,46456-

TEMPERATURE
PRESSURE
HEAT LOAD

TEMPERATURE

PRESSURE
HEAT LOAD

52.265

5170.000
2628427,

122,549
5170,000
26623864,

50,849
5170,000

5735707,

62.628
5170,000

‘5738067,

106,839

5170,000
593010,
145,491

5470,000

619632,

e L

I P Y




AIT MO, - _ L oy 2 3 0

VAP““R WOLECUIAQ UETGHT 70, 070380 58 . 238611 85 635754 yo 0000010 . 0.0000t}
VAPOUR DENSITY (LB,/CH FT,) C 1,034825 0.896845 1.063861 0.000000 5,00001

LIGUID DENSIYVY (L3./CH FT.) 34,434309 32,.894657 36.023278 0,000000 J,00001 .
VAPOUR LOAD - 3.667863 4,8390466 2.345409 0.000000 0,00001 .
NET WORK CONSUMPTINN FUNCTION d,012068 0.005701 .0.002312 0,000000 0,0000¢
CNSTS (pallyng QTEQLIHG)

DISTILLATION qoLUny | W055_.78 G248.39 - 3743.50 0.00 D,

CONDENSER 5483.18 0023, 41 2235.82 0,00 o,

REBOJLER o o . 3471, 21 ?58? 53 3aa7 29 0,00 0.t

TOTAL NAJ“R rnniv*FuT cO%T 13915.18 205<4 43 7 9?96 61 n_go C.f

CONLING OR CHILLED UATER - o 34631 49 58146 ?5 B 26100,00 n,00 0.1

STEAIL _ ' - 38222.70 53874, ?? 24969.50 0,00 0.(

bt B L DLl b bl nSiindedeialelabiede il il de it heh b bl i Ak chabaies M e T m—-— roiaietededuintetieiebelePatabaiaed adolindady !

TOTAL YEARLY OPERATING COST 7RE13. 46 120343, gs 54088 .14 0,00 0,6

FAR THE COHFIGURATION: =
TOTAL REBOILER LOAD
TOTAL YEARLY OPERATING

cosT

3

6732395,22
253769 .89









