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1. 

INTRODUCTION. 

The process design of chemicalprocesses may be divided into 

two broad phases.· One, a synthesis phase, is all activities 

associated with the selection of the process route or configuration 

together with the selection of the type of process units required for 

a given processing function. The other is an analysis phase 

in which the design and optimisation of each unit within a given 

configuration or process scheme is established. 

Historically, the discipline of chemical engineering has 

been concerned primarily with the analysis phase of process design; 

in that it pioneered the concept of breaking down processes into 

unique processing steps or 'unit operations'. Most of these 'unit 

oper.ations' have now been developed to a very high degree of 

sophistication. HoWever, the synthesis phase has not received the 

same degree of attention. For example, the selection of the optimal 

process route for a given process function from among a number of 

possible process routes has been made to a certain extent upon the 

process designer's experience and/or intuition, there being no 

formal techniques available to assist in the selection. 

Process synthesis has been regarded more or less as an art 

and consequently it has received very little attention in chemical 

engineering research. 

Since the late 1960's, however, there has been considerable 

interest in the process synthesis phase in an attempt to provide 

formal design techniques. The increasing complexity, scale and. 

capital intensiveness of the modern chemical process plant have 

been among the: principal reasons for this interest. More recently, 

there has been· the energy crisis.which has been of particular concern 
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to those processes which are energy intensive. 

Of the techniques so far proposed in the field of process 

synthesis, the use of 'heuristics; is of major concern to this thesis. 

'Rules of thumb' and 'guidelines' have been used synonymously in 

the literature with the term 'heuristics'. The term 'heuristics' 

is defined by the Oxford Dictionary as 'serving to find out or 

discover'. However, the use of the term 'heuristics' in the 

field of process synthesis has been based on the interpretation 

given in Webster's Dictionary as 'serving to guide, discover or reveal. 

Valuable for empirical research but unproved or incapable of proof •••• •. 

Heuristics have been proposed as a means of preliminary 

screening to be used when a large number of process routes is 

possible for a given processing function. They may also be used 

as an aid in the design of the processing scheme. The literature 

shows that heuristics have been applied to the selection of the 

optimal configuration of the distillation columns required for the 

separation of multicomponent fe'edstocks. This type of separation is 

an example of the attitude existing prior to the recent interest in 

process synthesis in that the selection of the process route was in 

most cases made on the basis of the process designer's intuition and 

e~erience. 

Distillation is the most widely used of·all separation 

processes in the chemical process industries. It is also one of 

the most energy intensive. Many techniques have been proposed for 

the reduction of the· energy requirements of individual distillation 

columns. The number of distillation columns required for a given 

separation of a multicomponent feedstock into relatively pure 

products is a function of.the.number of.products to be produced. For 

the separation of multicomponent feedstocks by. distillation, the 
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number of process configurations possible as .a function of the 

number of components may be determined from a relationship developed 

by Heaven (1969). Table 1 illustrates the results obtained from 

this relationship. The physical arrangement of all possible 

configurations for the separation of three, four and five component 

feedstocks into relatively pure products is included in the Appendix. 

TABLE 1. Number of column configurations for 
separating N components into N products. 

Number of Components ·Number of column 
configurations 

2 1 

3 2 

4 5 

5 

6 42 

7 132 

If such a number of different configurations are possible for a given 

separation, then it is conceivable. that one.of these configurations 

could be optimal in terms of a given objective function. The 

possibility that one of the configurations will be optimal for a given 

separation has made multicomponent distillation trains of interest 

for the application of the techniques being developed in the field of ,, 
process synthesis. The literature has indicated that considerable 

energy savings should be possible by the selection of the optimal 

configuration. 
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The selection of the optimal configuration from among the number of 

configurations possible will obviously be a function of a number of 

process parameters. Some of these will be economic 

parameters of the environment in which the distillation plant is to 

operate. Several studies in the area have endeavoured to optirnise 

the distillation columns in terms of these economic-parameters. 

As. these parameters are not common to all plants, this study was 

concerned solely with the effect of non-economic parameters such as 

the following upon the selection of the optimal configuration for a 

given separation~-

.(i) 

(ii) 

(iii) 

feed composition 

feed component volatility 

degree of recovery of the components 

The literature has shown that several studies have been reported on 

the development of heuristics for the selection of the optimal config-

uration of multicornponent systems. This thesis thus initially 

set out to investigate the validity of these heuristics as it was 

felt that there may be limitations in the scope of the analysis 

used. A detailed investigation was then made of the effect of the 

above .Parameters upon the selection of the optimal configuration for 

a range of three, four and five component feedstocks. The. results 

obtained confirmed that considerable ene_rgy benefits could be obtained 

in certain instances. From a·study of the proposed heuristics, it 

was shown that a major obstacle existed which prevented the effective 

use of the heuristics in process design. ~his obstacle was the 

inability to specify the process ·conditions under which each heuristic 

would determine the optimal configuration. In particular, conflicts 

existed' betWeen the heuristics in that the heuristics could propose 
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different configurations for the same process conditions. The 

conflicts could not be clarified by the design method and thus the 

feasibility of mathematically modelling a system(s) of multicomponent 

distillation columns was investigated. This. proved not to be 

feasible principally as a result of the nature. of the distillation 

process •. However, an approximation to a ·mathematical relationship 

was obtained through the use of the new concept of pseudo-components. 

These components provided a means by which the interaction between the 

heuristics could be illustrated. 

A review of the previous work will be given in Chapter 1. 

In Chapter 2, the initial phase of the thesis will be described. 

This phase was the study of the effect of a range of process 

parameters upon the selection of the optimal configuration for three, 

four and five component feedstocks. The results of this study will 

be given in Chapter 3. In Chapter 4, the feasibility of mathematically 

modelling multicomponent distillation systems wi.ll be discussed. 

After this investigation showed that it was not feasible to develop 

suitable mathematical models, Chapter 5 discusses the·concept of 

pseudo-components which were used as an approximation to a mathematical 

relationship. The results of this study will be given in Chapter 6. 

In Chapter 7, all computer pri:>grammes developed and used 

throughout the entire study will be. discussed. Listings of the 

principal programmes will be included in the Appendix. 

In Chapter· a,· the conclusions reached in this thesis will 

be given~ 

,, 
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7. 

CHAPTER 1. PREVIOUS WORK 

1.1· Introduction 

Until·recently, the study of the optimal sequencing of 

multicomponent distillation trains has received little attention in 

the literature. However, interest has arisen in this area as a 

result of .<il activity in the riew field of process synthesis 

and {ii) increasing energy costs. 

Prior to the study of Heaven (1969), there had been very 

little interest in the study of the optimal sequencing of multicomp-

onent distillation trains. Following Heaven's work, King (1971) 

also proposed a set of heuristics which has been used in the recent 

developments in the field of process synthesis. The only papers 

.published prior to this time were the following:- Lockhart (1947), 

Harbert (1957), Rod and Marek (1959), Petyluk et aZ., (1965), 

Nishimura et al., (1971) and Maikov et al., (1972), (1972a). 

All of the previous work can be conveniently divided into 

two areas:-

(i) one in which the study of multicomponent 

distillation systems has been made in an attempt to.generate guide­

lines· for the· selection of the. optimal arrangement of the columns 

required for a given separation. Work in this area can be further 

divided into two areas in which the analysis of the configurations 

has been made by -

(a) design methods and, 

(b) by analytical methods •. 

(ii) one in which the.sequencing of multicomponent 

distillation systems has been used as an example for the application 

of the. techniques being developed in the field of process synthesis. 
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·1.2 Methods· used for the comparison of Multicomponent Distillation 

Sequences. 

1.2.1 Design Methods. 

Lockhart (1947), the first reported study in this area, 

adopted a design approach in which the cost of separation of a 

feedstock was determined by the design and costing of the distillation 

plant required·for the various configurations. Lockhart considered 

• a small number of feedstocks associated with the processing of natural 

gasoline. Calculations were made of the size of the distillation 

columns required for these separations to the extent of determining 

the number of stages and the reflux ratio by the methods of Fenske 

and Underwood, respectively. From these investigations, Lockhart 

proposed that the configuration in which the components are removed in 

decreasing order of volatility was the optimal configuration. He 

further suggested that should either the most or least volatile 

component be present in large amounts, then that component should be 

removed first. The principal contribution of this study was that 

it proposed a configuration other than the. direct configuration could 

be considered as the optimum and suggested a feedstock property 

which would justify this alternative configuration. 

Heaven (1969) made a considerable contribution as a result 

of a systemati~ design analysis of a number of three component 

feedstocks in which a range of ·feed compositions and feed types was 

studied. The three·component. feedstocks considered by this author 

were as follows:•. 
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(i) iso-butane, n-butane, n-hexane 

(ii) iso-butane, iso-pentane, n-hexane 

(Hi) iso-butane, n-pentane, n-hexane 

(iv) n-butane, n-pentane, n-hexane 

(v) iso-butane, n-butane, iso-pentane 

·The effect of feed composition was studied using one 

feedstock namely, iso-butane, n-butane and iso-pentane. The range 

of mole fractions of each component in this feedstock was varied 

over the range 0.2,0.3 and 0.4. 

A single four and five component feedstock was also 

considered. 

The cost of the separation of all feedstocks into relatively 

pure products was determined for the possible.configurations by a 

detailed design procedure. The effect of component volatility was 

considered by using equimolal mixtures of the three component 

feedstocks. The effect of the presence of a non-key component 

was considered by the introduction of a small fraction of a fourth 

component to the equimolal feed, comprising iso-butane, n-butane, and 

iso-pentane. The fourth component was either ethane, propane, n-pentane 

or hexane. 

The operating pressure in each column was economically 

optimised for given economic parameters. 

The contribution of Heaven's work was that it was the first 

attempt to propose a set of guidelines or heuristics based on the 

use of systematic design and economic analysis for a range of process 

conditions. 

• Heaven proposed a set of heuris.tics from this study and 

these were subsequently reported by King (1971). 
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The heuristics proposed by these authors were as follows:-

(!) Separations where the relative 

. (II) 

volatility of the key components is close to 

unity should be performed in the absence of 

non-key components • 

Separations which remove the components one 

by one in the column overheads should be 

favoured. 

(III) Sequences which give a more equimolal division 

of the feed between the distillate and the 

bottoms products should be favoured. 

(IV) Sequences involving very high specific 

recoveri.es should be left until last in 

the sequence •. 

However, King developed these heuristics,,in terms of the 

thermodynamic net work consumption for the separation of liquid 

mixtures. 

The limitations in Heaven's work will be discussed 

subsequently in section 1.3. These, it is claimed, were as a result 

of the small range of feed composition and component volatility used 

in the study. 

Freshwater and Henry (1974), (1975) undertook a similar 

design and economic evaluation procedure. These authors considered 

a wider range of both three and four component feedstocks together 

with a range of five component feedstocks. A range of feed compos-

itions for the five component feedstock was investigated instead of 

the one composition considered by Heaven. However, the extent of 

this work will comprise part of the present study and so will not be 

discussed in detail in this chapter. 
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·The design and economic' evaluation methods adopted by 

Heaven (~969), Freshwater and Henry (1974), (1975) were basically 

identical in principle. .These studies used the 'short cut' techniques 

for the process design of tiie distillation columns. In pArticular, 

Underwood's (1946) method for the determination of minimum reflux 

ratio, a modified Fenske (1932) method for total reflux and the Erbar-

Maddox correlation (1961) for the number of equilibrium stages at 

the operating reflux ratio were used. .Agreement was found between 

the results obtained for the number of equilibrium stages, the 

minimum reflux ratio, together with the condenser and reboiler heat 

loads. A comparison of these results has been provided in 

Freshwater and Henry (1974). As this agreement was to be expected, 

this tabulation will not be included here. However, the 

engineering design of the columns to determine the diameter and 

height of the actual number of stages and shell thickness was 

different in method and detail. I 

parameters used. This criterion was the total annual operating 

! 

I 
The criterion adopted for the objective function was in 

fact identical though it differed in the values of the economic 

cost, defined as the sum of the annual depreciation charge for the 

capital investment required for the columns and heat exchangers for 

each configuration, together with the annual cost of the supply of 

process cooling water. and steam, · The significance of the effect of 

differing values of the economic parameters used was not considered 

to be of great cons~quence. Wherever in the initial phase of the 

study common feedstocks permitted a comparison,. the relative differences 

between configurations derived from both studies. followed the same 

trend • 

•• 
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Absolute comparisons were difficult because Heaven had 

adopted a policy of determining the economic optimum operating 

pressure for each column within a configuration. It is felt that 

when considering feedstocks of a wider composition range than those 

used by Heaven, this policy may have influenced the conclusions 

proposed. from this study. However, this aspect will be discussed 

in more detail later. Further difficulties were encountered in the 

comparison of both results as a result of the interpretation of the 

recovery fraction of each component adopted by Heaven. Heaven had 

adopted the definition of reoovery fraction of a given component as 

the amount of that component recovered in terms of the amount of that 

component in the feed to the column in which it is to be recovered. 

This policy is in contrast to.the policy adopted in this study in 

which the recovery fraction is related to the amount of the component 

in the feedstock to the configura·i:ion as a whole. 

Rudd and Tedder (1975) have used a similar design and 

economic method for the evaluation of simple serial distillation 

configurations of the type being considered in this study together 

with the more complex systems in which sidestrearns and multiple 

feeds are used. However, the· section of the· work in which the 

simple systems are considered is of interest to this study. 

These authors considered a range of seven, three component 

feedstocks and seven feed compositions. The feed components used 

were the alkanes from propane to n-heptane. The objective function 

used was the minimisation of the venture cost whi"ch was eXPressed as 

a function of the· annual operating cost and the total capital investment. 

As in Heaven's study, each column was optirnised in regard 

to operating pressure and degree of vaporisation of the feed. 
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A criteria, the "Ease of Separation Index", was 

proposed by these authors. This index was defined as follows: 

E.S .I. 

The index was proposed to show which separation was the more 

difficult ·in a three component feedstock. For values of the E.S.I. 

less than 1.0., the separation between components A and B would be 

more difficult than between components B and c. For values greater 

than 1.0 the· reverse case applied. By the use of this index, these 

authors proposed that distinction could be made between the two 

configurations for a three component separation. The direct 

configuration would be optimal for feedstocks hav~ng values of the 

E.S.I. greater than 1.6. The indirect configuration would be 

optimal for values of the E.S.I. less than 1.1. For values of the 

index between these two values, the situation was described as 

doubtful. 

The results obtained from Rudd and Tedder's work were 

compared with the results obtained by Rod and Marek (to be discussed 

in section 1.3)" and disagreements were .found between the results of 

the two studies. These will be discussed·in·chapter 6. 

In the. definition of the·E.S.I., a value of 1.0 denotes 

an equal degree of difficulty or value of the relative volatility 

between components A and B and between B and c. However, this 

would be the· case if the value of the relative volatility between 

each pair of components in a feedstock was·1.5 or 4.5. This index 

does not allow for the different absolute values of the relative 

volatility. However, this aspect will be discussed in detail in 

Chapter 6. 
I 
f 

I 
I 
I; 
! 



14. 

It is interesting to-note that Heaven also proposed an 

index which was expressed as:-

H.I. = 

KA 
K 

c 

1 

1 

This index will also be discussed in Chapter 6. 

However, Rudd and Tedder's work is principally concerned 

with development of optimisation techniques for use in the selection 

of the optimal configuration for a given separation from among all 

possible simple and complex systems. It is in this area that the 

contribution of the paper lies. 

The current study will discuss what is considered to be 

limitations in this work. These occur .. through the definition of the 

E.S.I. and the small range of component volatilities used. 

1.2.2. Analytical Methods. 

Harbert (1957) proposed two broad principles for the 

sequencing of distillation trains based on the concept of minimising 

the. heat utilisation in the configuration. These were:-

(i} "The advantage of minimum quantities of difficult 

separation" by which he implied the later use of 

King's heuristic I. 

(ii} "The advantage of the· 50/50 split" by which he ,, 
implied· the use.:of King's heuristic III. 

To overcome any difficulties or conflicts which may arise between the 

use of these two principles for a given separation, Harbert proposed 

the minimisation of the· following expression as the criterion for 

column sequencing:-



.. 
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E MI!.F [ --:Th:-Th-_--:::T:=-1- ] 

where .MH =moles overhead product times the latent 

heat of vaporisation 

F = a factor to correct for the presence of 

non-key components 

= boiling points of the heavy and light keys 

respectively. 

This expression was put forward as being proportional to 

the total heat load of the· configuration; Harbert was aware of 

the' possible extent of the' variation in heat requirements between 

the process configurations possible .for any separation and was. 

convinced that the cost of supplying heat was .the only factor to be 

considered in selecting the optimal sequence. 

Two further studies proposed the use of mathematical models 

for the prediction of the optimal sequence. These were the 

studies of Rod and Marek (1959). and Nishimura et. aZ., (1971). 

Rod and Marek derived a mathematical model to relate the 

differences in the sum of the overhead vapour flow from each column in 

a configuration to the composition and relative volatilities of the 

feed components. The overhead vapour flow was assumed to be directly 

proportional to the cost of separation. The criterion was:-

- - EV. 
J. 

where l:Vd' l:Vi are the sum of the vapour loads from the columns 

in the direct and indirect configura.tions.respectively, and 

V = D (1. 25R . + 1 ) 
. mJ.n ·. 

For a three· component feedstock being separated.into pure components 

only, the· optimali ty criterion developed was :- . I 
I 
~ 

t _____ ... _ .•.... _ .. ___________________________________ ..:.... 
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= (aA + 0.25)xA 1~25 XC 
--------~~--~--~ 

aA- 1 

where aA = relative volatility reterred to the heavy 

key at the feed conditions 

xa' xc are the mole fractions of components 

A and c. 

The criterion for the optimal sequence.was as follows:- the 

• direct sequence for .a positive 6and the· indirect sequence for a 

negative 6 

The limitations of the model are as follows:-

(i) Pure products only were considered 

(ii) Relative volatilities were determined at the 

feed conditions 

(iii) The use of the Robinson and Gilliland method for 

the determination of the minimum reflux ratio. 

The reasons for this and the errors caused will 

.be discussed at length in Chapter 2. 
,,. 

(iv) The model assumed that the cost of all 

distillation piant is directly proportional to 

the overhead vapour flow rate. 

Nishimura et aZ., (1959) proposed a mathematical model 

having an objective .function·in terms of the tower. volume and the 

reboiler heat load. The objective function was then developed 

in terms of the minimum number of equilibrium stages and the product 

·specification. 

These authors proposed an additional heuristic which 

was 'that if any component is in excess, than the configuration 

which favours its early removal from the feed should be favoured'. 
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In a recent book by Rudd, Powers and Siirola (1973), this heuristic 

has been included together with those proposed by King (1971) as the 

group of heuristics to be used in separation process sequencing. 

On the other hand, techniques have been reported for the 

determination of the optimal process route for processing schemes 

should an analytical relationship be available between the objective 

function and the process variables. For example, Ichikawa and Fan 

(1973) have developed a search method called Evolutionary Search for 

Optimal Structure (ESOS) which has been shown to select the optimal 

structure or configuration, subject to various constraints. However, 
I 

the technique does require a continuous function describing the 

system. 

The remaining papers in this area are a group of Russian 

papers, two by Petyluk et aZ., (1965), (1966) and two by Maikov et aZ., 

(1972), (1972a) • These·. papers are all basically similar in that they 

develop an optimality criterion for column sequencing using a 

Thermodynamic Optimality Index which is derived in terms of the net 
• 

work consumption for the separation of liquid mixtures. 

King (1971) had also used this concept in the formulation 

of his heuristics. For example, King accepted the proposition that 

the net work consumption for a distillation process is proportional 

to the· product of the interstage vapour flow and the difference 

between the reciproca~of the reboiler and the condenser temperature. 

King suggested that column sequences should be arranged in such a 

way that high values of both the interstage vapour, flow and the 

temperature differential should not occur at the same time in any 

column. This would indicate that for the separation of a difficult 

pair of components in the presence of another cioniponent, there would be a 

' t 
I 

I 

I 
! 
t 

I 
I 
i 
I 

' 

I 
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high interstage flow because of the difficult separation and there 

would be a higher temperature differential·because of the presence 

of the third component. This would suggest that the third component 

be remo.ved first and leave the difficult separation until last in the 

sequence. Similar principles can be·applied to the reason for the 

removal of components one by one in the· overhead product. Additional 

components in the overhead stream would increase the interstage vapour 

flow. This was the reasoning for King's heuristics (i) and (ii). 

However, this proposition assumes that heat is added to 

and removed from the columns in a thermodynamically reversible manner. 

In this study and indeed in most distillation units, the processes 

are performed above ambient conditions, and process cooling water 

and process steam are used as the heat transfer media. The temperat-

ures of both these med~a are constant. With the allowance for the 

temperature approach required for the heat exchangers, the 

temperature range over which heat .is actually degraded is constant 

and greater than the difference in temperature over a given column. 

In this thesis, the temperature differential over each 

. column in all configurations is the same in thermodynamic terms. 

The net work consumption would then be a function of the interstage vapour 

flow only. 

Thus the contribution of the Russian work will be 

discussed later in the thesis when studies have been made on the 

feasibility of the use of thermodynamic criteria for the selection 

of the optimal configuration of an industrial distillation plant. 

In a recent book, Rudd, Siirola and Powers (1973) have 

discussed the optimal sequencing of separation processes. These 

authors incorporated the five heuristics discussed previously in 



.19. 

this review as part of a wider set of heuristics to include other 

physical separation processes. However,.for distillation processes, 

a very simplified model is proposed for use in the preliminary screening 

of the possible alternative configurations for a given separation. 

These authors suggest that as a first; approximation, the cost of 

separation by distillation is directly proportional to the feed rate 

and inversely proportional to the relative volatility of the light key. 

That is: 

Cost of separation oC F 
a 

These authors analyse various separation processes using this criterion. 
. I 

For example, a four component feedstock in which the separation between 

the second and third components is three times more difficult than 

between the first and second and between the third and fourth components,. 

is separated into four pure components. The relative volatility between 

each pair of components is given by:-

= = a but = a 
3 

The total difficulties for the fivepossilile configurations 

are then developed and are as follows: 

Configuration 

(refer Figure Al in Appendix) 

1 

2 

3 

4 

5 

F 
a 

F 
a 

F 
a 

F 
a 

F 
a 

Total Difficulty 

(4 + 9 + 2) = 15!:. 
a 

(4 6 + 3) 13!:. + = a 

(2 + 12 + 2)= 16!:. 
a 

(2 + 9 + 4) 15!:. = a 

(3 + 6 + 4) 13!:. = a 
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It will be noted that configuration number three is the most 

difficult. This is the configuration in which the difficult 

separation is made first. Configurations·two·and five are the 

least qifficult. These are the configurations in which the 

difficult separation· is left until last in the sequence. 

value. 

situations 

This approach is extremely approximate and of questionable 

Certainly it does not consider any of the conflicting 

which may occur through .. the ·use of the heuristics. 

The author's conunents may be applicable when they state "all things 

b 0 1 . " e1ng equa •••• 

1. 2. 3. Process Synthesis Methods • 

Reference has been made to the developments in the new 

field of process synthesis. As a consequence renewed interest in 

the optimal sequencing of multicomponent distillation trains has 

been generated. 

The field of process synthesis may be said to have 

developed since the late 1960's and since that time the literature 

has seen much activity in the many facets of this field. 

Reviews of this development have been reported in the 

literature and, in paruicular, reference should be made to the 

paper by Hendry, ·Rudd and Seader (1973) and the book by Rudd, Siirola 

and Powers (1973). 

Of the papers covered in these reviews, several have 

been concerned with the sequencing of multicomponent distillation 

trains, for example:- Hendry, Rudd and Seader (1973), Thompson and. 

King (1972), Rathore, Wormer and Powers (1974), Hendry and Hughes (1972), 

Powers (1972) and Freshwater and Zigou (1975). 

As these are of direct concern to this thesis, they will 

be reviewed here. 
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The principal theme in most of the papers listed above 

has been in the development of computer techniques using the various 

synthesis techniques of heuristics and dynamic programming. The 

type of problem of interest has been the. application of these 

techniques to the optimal sequencing of separation processes in 

which distillation is not the only separation process used. 

Quite sophisticated process synthesis programmes have. been 

'developed in this field, for example,. the programme AIDES (Adaptive 

Initial Design Synthesis) discussed by Powers (1972) and the programme 

discussed· by Thornpson and King (1972) ·• These programmes· have been 

written on the· basis that the· decisions made within .the· pr.ogramme 

are made using the· various algorithmS and heuristics previously 

proposed by the respective authors. 

The development of these progiamrneshas reached a high 

degree of sophistication. This study, however, is concemed 

solely with the feasibility and .accuracy. of the heuristics adopted 

for distillation trains and so these programmes will not be 

discussed in detail. 

However, as previously referred to, one paper considered 

the optimal sequencing of multicomponent trains using conventional 

distillation columns. This was the paper ·by Rathore, Wormer and 

Powers (1974). These authors considered the five component feedstock 

used by Heaven (1969). This feedstock was to be separated into 

pure products only. The design and economic evaluation method 

used by these authors was the same as that adopted by Heaven. 

Dynamic Programming, however, was used to determine the optimum 

sequence. 
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Some reservations have been made by Rathore et aZ., (1974) 

of'this method for those processes in which feedback of information 

occurs. This is contrary to Bellman's Principle of Optimality. 

For the.se column sequences in which energy integration is carried out 

then recycling of information occurs. (This aspect will be discussed 

in a subsequent section) Rathore et aZ., noted .this difficulty 

and referred to the limitations of the· method of Dynamic Programming 

in that it requires (a) constant pressures in all columns in those 

sequences using energy integration and (b) very high recovery 

fractions. 

Hendry and Hughes (1972) also considered the method of 

Dynamic Programmi.ng in a study of a purification system for n-Butylene. 

As in the other papers in this area, however, separation processes 

in addition to distillation were considered for each separation 

process. 

Thus far, the available literature on studies of the optimal 

sequencing of conventional distillation columns and sequences 

comprised of distillation as well as other separation processes, 

has been discussed. In the former, each distillation column has 

had an associated overhead condenser and reboiler, that is, for a 

three column configuration, six heat exchangers were required. 

Recently, several papers have considered modifications 

to the traditional sequence in an attempt to reduce the energy 

consumption of the configuration. The.modifications are:-

(a) the concept of ene.rgy integration through heat 

stream matching and 

(b) the concept of thermal coupling. 

Three papers are of interest in the former area. These are 

r 
i 
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Rathore, Wormer and Powers (1974), (1974a) and Freshwater and 

Zigou (1975), while in the latter, papers by stupin and Lockhart 

(1972) and Petyluk et at., (1965), (1966) are relevant. The work 

of Rudd. and Tedder (1975) has been discussed previously. 

The concept of energy integration involves the matching 

or sharing of heat streams wherever possible within a configuration. 

Thus heat stream matching may be possible between the sensible heat 

of the feed streams and/or the heat loads of the overhead condenser 

and reboiler. Work reported to date has considered only the matching 

of the heat available between the condensation and vaporization heat 

loads as these are significantly greater than the sensible heat 

loads of the feed streams. Also these processes take place at 

constant temperature. The feasibility of heat stream matching 

depends on the availability of the heat streams, that is, the 

temperature and heat content. Through this concept it has been 

claimed, Rathore et at., (1974) that more energy benefits may be 

realised than through the use of traditional columns. Should 

there be an imbalance between the heat loads to be matched, then 

' external sources would provide this difference as in the,case of 

traditional columns. In this case, however, the heat requirements 

would be considerably·smaller. Rathore et at., considered the 

application of the concept of energy integration to the five 

component feedstock considered by Heaven (1969). This feedstock 

was used by them for the determination of the optimal sequence of 

traditional columns. Two cases were considered for heat energy 

integration:-

(i) isobaric column operation and 

(ii) variable pressure 
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In both cases, high recovery fraction of each component was specified. 

Greater energy savings were realised with energy integration over 

that obtained in the optimal configuration using traditional columns. 

It is of interest to this thesis to note that the optimal sequence 

was different in the three cases. 

Rathore et aZ •• have developed a feasibility matrix 

and a set ·of rules by which the streams .. between which ene.rgy 

integration was possible could be determined •. These rules are based 

upon isobaric operation and very high recovery rates. Dynamic 

programmlng was also used to determine. the optimal configuration. 

Freshwater and Zigou (1975) have shown that in at least, two of the 

cases considered by them, Rathore's matrix is not obeyed. 

Whereas Rathore et az .• had considered only one feedstock, 

Freshwater and Zigou (1975) undertook a study. similar to the study· 

of Freshwater and Henry (1974) for traditional column sequences. 

They examined the effect of a wide range of process variables upon 

energy integration for a range of four and five component feedstocks. 

That is, a range of feed compositions, feed components relative 

volatilities and the degree of recovery for four and five component 

feedstocks were considered. 

~hese authors were able to show· the extent of variation of 

energy savings through the use of ene.rgy int.egration and how this 

benefit is affected by· the pertabations of the. factors considered. 

However, no formal guidelines were proposed for the prediction of the 

• 
optimal conditions and these authors feit that considerably more 

work was required. 

The concept of thermal coupling has also been suggested 

in the literature as providing cost savings for the process of 
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multicomponent distillation. This concept, which it is believed, 

was first proposed by Petyluk et at.,. has also been considered by 

Stupin and Lockhart (1972) • Thermal ·coupling offers reduction 

in cost of separation through the reduction. in the number of heat 

exchangers required. For a three cmnponimt feedstock being separated 

into three components by distillation, two columns are required but 

in this instance the function of the overhead condenser and the 

reboiler of the first column is carried out within the second column. 

This arrangement eliminates the need for the condenser and reboiler 

of the first column. The three products are taken in the second· 

column, the intermediate component being taken as a side stream 

product. Whilst savings may be realised through the reduction in 

the number of heat exchangers required, no indication has been given 

in. the literature of the additional design features necessary for 

the second column or the problem of high recovery of the intermediate 

product. 

·Petyluk et aZ., (1965) have put forward a range of such 

processing schemes for the separation of three, four and more component 

feedstocks. For these feedstocks, it is proposed that reduction in 

the number of columns required may be ·made by taking more than one 

side stream. 

Stupin and Lockhart considered only a three component 

separation and indicated that considerable cost benefits were possible 

by the use of Thermal Coupling. 

1.3 Evaluation ·of:Previous ·work 

The principal areas in which limitations are considered to 

exist in the literature are the following:-

,, 
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(i) limitations in the existing studies which have 

been used as a basis for the formulation of the 

heuristics 

(ii) lack of any satisfactory quantitative relationship 

available by which the prediction of the optimal 

configuration can be made. 

Decision criteria currently being used in the field of 

process synthesis for_the prediction of the optimal sequencing of 

separation processes are incorporating the heuristics discussed in 

the preceding Chapter. 

two principal areas:-

These heuristics have been derived from 

(a) The studies of Heaven, Lockhart and others 

but principally the study of Heaven in which 

the heuristics were proposed as the result 

of a study of a limited number of feedstocks 

and, 

(b) studies of King and Petyluk et a~ .• based on 

the thermodynamic analysis of a configuration. 

The ·most comprehensive studies reported to date in the 

literature are the studies of Heaven (1969) and Rudd and Tedder (1975). 

However, it is claimed here that there are limitations which must 

be resolved before sound design criteria can be proposed on the 

basis of these studies. 

These limitations were generated thro_ugh the limited 

consideration of the· following:-

(i) range of number of component feedstocks 

(ii) range of the relative volatilities of the feed 

components particularly in regard to difficult 

separations 
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(iii) range of feed•compositions, particularly the 

considera~ion of components present in excess. 

(iv) the lack of study of the position of the difficult 

separation within a feedstock. 

(v) range of degrees of recovery. 

·The definition of the recovery fraction and the use of the 

optimum economic operating pressure in each column within a configuration 

may have had a masking effect. 

It is thought that the principal properties of the feedstock 
' 

influencing the optimal configuration would be the feed composition 

and the component relative volatility. ·The range of feed component 

mole fractions was too narrow in Heaven's study. A far wider range 

of.mole fractions should have been considered. 

It is claimed that this limitation did not permit adequate 

consideration of the effect of the presence of a dominant component in 

a feedstock. 

The effect of·the presence.of very difficult separations 

was not adequately investigated. For example, the selection o.f the 

components for the feedstocks did not really provide a difficult 

separation; the most difficult separation considered was that between 

!so-pentane and n-pentane in which the relative volatility is of the 

order of 1.25. Separations having relative volatilities down to the 

magnitude of 1.1 or slightly lower, should have been considered. The 

possible source of conflict between the heuristics as a result of 

the position of a difficult separation and components present in excess, 

could not really have been resolved by Heaven's study. 

The position of a difficult separation and the position of a 

dominant component cannot be resolved adequately by the consideration 
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of three.component feedstocks. Further study is required for four 

component feedstocks in which the extent of a component present in 
• 

excess could be similarly studied. This aspect could be studied by 

allowip.g the feed component mole fraction to vary in the range of 

say 0.1 - o. 7. 

The same consideration could be given to the degree of 

difficulty of a separation as proposed in the three component 

feedstocks. Of more significance, is the fact that four component 

feedstocks provide three positions within the feedstock, in terms of 

relative volatility, for the position of a difficult separation. In 

the case of a four conq;>onent feedstock comprising A, B, C and D 

feedstocks could be formulated in which a difficult separation occurred 

either between A and B, B and c; or between C and D. Also the 

influence of the presence of non-key components could be investigated 

particularly when the non-key component was present in excess or 

when one of the key components was present in excess. 

From the survey of the previous work, a number of 

objective functions has been proposed. These were economic, process 

and thermodynamic parameters. The total annual operating cost has 

been adopted more widely than other criteria being used for example 

by Heaven, Rathote et a~., and Freshwater and Henry while Rudd and 

Tedder (1975) have used the venture cost expressed as a function of 

the total capital investment and the annual operating costs. 

Use has also been made of the following:- overhead vapour 

flow rate, reboiler heat load and the thermodynamic net work consump-

tion as objective functions. All of these parameters will be 

determined in the evaluation ·-of each configuration and thus their 

feasibility as objective functions will be determined. 
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The review has also discussed the limitations of the 

reported mathematical models. It is felt that the limitations of 

these models are such as to preclude their use. Consequently, the 

development of such a mathematical model is still required and this 

aspect will comprise a major a~pect of the thesis • 

• 

r 
' 

I 
' 
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CHAPTER 2. APPLICATION OF HEURISTICS 



CHAPTER 2. APPLICATION OF HEURISTICS 

2.1 Introduction 

The literature relevant to the proposed field of 

study has been reviewed. This review has shown that there is need 

for further investigation into the development of techniques for 

the prediction of the optimal process route or configuration for a 

given process when a number of alternate process routes are possible. 

The process to be considered in this study is the separation of a 

multicomponent feedstock into its components by the process of 

distillation. There are two principal reasons for the selection 

of this one process for the thesis. These are as follows:-

(i) Limitations in the available lit~rature. While the 

literature review has revea~ed that previous studies 

have been made ·in this area, it was thought that 

the results of these studies could not be 

generally applied in practice with any degree of 

confidence. 

(ii) The industrial importance of the process of 

distillation for the separation of multicomponent 

feedstocks. 

In an era of ever increasing energy costs and as the process of 

distillation is highly energy intensive, the selection of the 

optimal process route for a given separation may provide a reduction 

in the energy conslllllption and hence considerable cost benefits. 

For example, petroleum refineries currently use approximately 6% 

of their feedstock as refinery fuel, Of this, at least one half is 

used for the associated distillation operations. 

' ,, 
!. 
I 
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It has been common practice to separate a multicomponent 

feedstock into its components by a.train of distillation columns, 

one less in number than the number of products to be produced. 

Until recently, the columns have been entirely 'traditional' 

in that they are supplied with one feedstock and produce two 

products., one overhead and one bottom •. , Each column has an 

associated overhead condenser and reboiler. 

It was noted in the literature review that consideration 

had been given recently to the use of distillation columns in which 

the concepts of heat stream matching and thermal coupling have been 

proposed as a means of reducing the ene.rgy requirements of the 

process. From these studies, it has been claimed in the literature 

that it may be possible to achieve. greater energy economies in 

certain instances than would be the case for the same separation by 

the use of 'traditional' columns. While it is acknowledged that 

such possible benefits may be realised by the use of these concepts, 

they will not form part of this study.. It is suggested that in the 

development of techniques ·for the predi.ction of the optimal process 

configuration incorporating heat stream matching or thermal coupling, 

the knowledge of multicomponent systems generated from this study of 

traditional columns would be of use. 

This thesis will be concerned with the feasibility of 

techniques for the prediction of the optimal process configuration 

• of a sequence of distillation columns having a single fe<;!dstock and 

producing two products only. 

In this Chapter, the proposed plan of the initial phase of 

the thesis will be discussed. This phase was the study of the 

effect of the process configuration upon the separation of multicompon-

ent feedstocks by a design method. It would also provide an opportunity 
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'to assess the existing data and. conclusions from the literature. 

The.design and costing procedure adopted for the evaulation 

of each configuration will be discussed in this chapter. 

2.2. Method of Analysis 

The initial phase of the thesis was the generation of 

qualitative data which would illustrate the effect of column con­

figuration upon the separation of three, four and five component 

feedstocks. This investigation considered a wide range of feedstocks 

varying in composition and component 'volatility. In particular, 

consideration was given to a far wider range of variables than has 

been previously considered. 

To select the optimal configuration from among a number of 

possible configurations for a given separatfon, an objective function 

was required. In the review, the objective functions used in previous 

studies were discussed. The criteria to be used in this study will be 

the total annual operating cost. This cost would comprise the 

depreciation cost of the total capital.investment required for all 

distillation columns and heat exchangers within a configuration, 

together with the annual cost of process steam and cooling water 

required for the reboilers and condensers respectively. Each process 

unit within a configuration. would be designed to the degree which would 

permit its accurate costing. 

The method of analysis of each configurat~on was identical 

in all cases. The following specification for a given configuration 

was made:-

(i) feed composition 

(ii) operating pressure and hence the degree of 

vaporisation of the feed 
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(iii) ratio of the operating reflux ratio to the 

minimum reflux ratio 

(iv) the process topology, that is, the interconnection 

of process streams within the cpnfiguration 

(v) the degree of recovery of all components. 

The process duty of all distillation columns and heat 

exchangers in the configuration was then specified. This was carried 

out by a material balance in-which the flowrates, compositions and 

temperatures of all process streams within the configuration were 

determined, tdgether with the process design of· all columns and the 

heat loads for the heat exchangers. 

Because of. the-large number of feedstocks to be considered, 

use was made in the initial phase of this section of a commercially 

available computer simulation programme to calculate the material 

balances. The simulation of industrial processes by computer is now 

a well established design procedure in the industry, particularly for 

those processes in which recycling of the process streams occur. 

Many such computer packages are commercially available and consequently 

will not be discussed here. 

While the configurations considered in this study did not 

incorporate any recycling of process streams, a· computer simulation 

package provided a ready means of effecting the mass balances for the 

large number of cases to be considered. In addition the package 

determined the process design of all columns, condensers and reboilers. 

In the initial phase, access was obtained to one of the commercially 

available simulation packages in the United Kingdom, where this phase 

of the study was undertaken.by the author whilst on a sabbatical study 

leave in the Department of Chemical Engineering of the University of 

Technology, Loughborough, England. The computer package used was-that 
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·developed by the Imperial Chemical Industries Ltd.·under the name 

'Flowpack'. The package used by the author was the Mark 1 version 

which has been recently updated and issued as th~' Mark 2 version. 

As well as making use of the executive facility within 

Flowpack for the calculation sequencing, the distillation sub-

routine performed all calculations required for the distillation 

columns. The extent of the design of the columns made by the package 

was as follows:-

(i) number of theoretical stages 

(ii) reflux ratio 

(iii) location of feed tray 

(iv) condenser and reboiler heat loads. 

2.3 Specification of Variables 

The variables which influence the optimal'process con-

figuration are the following:-

(i) feed composition 

(ii) component volatility 

(iii) degree of recovery of all components 

(iv) operating pressure of all columns within the configuration 

(v) thermal condition of the feedstock, that is, the degree 

of vaporisation 

(vi).type of condenser, total or partial 

(vii) ratio of operating reflux ratio to the minimum reflux ratio. 

Several of these variables are subject to the influence 

of external economic parameters. These variables are the operating 
. . 

pressure in each column of the configuration and the operating reflux 

ratio. These two variables were not considered in the initial phase 

of the thesis. It was felt that the optimal process configuration 

obtained under one set of economic values may not be optimal under 

-------·--·--~-~ .. ·~··~-~~-------------------------------------
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another set. In the review it was noted that in one study, the 

individual economic optimum operating pressures were used for each 

column within a configuration. It was suggested that this policy may 

have obscured the results obtained in the study. 

The effect of feed vaporisation was not considered at this 

stage. The decision was taken to consider all feedstocks at their bubble 

point temperature for the column pressure. 

Thus the variables considered iJl this phase of the thesis 

were the following:-

(i) feed composition 

(ii) feed component volatility 

(iii) degree of recovery of all components. 

The remaining variables were considered constant and were given the 

following values:-

(i) The operating pressure in each column was set at 100 psi. · The 

selection of this pressure was made on the basis of (a) common 

industrial usage; (b) a pressure at which reliable data is available 

and in particular (c) several previous studies had used this pressure. 

(ii) The ratio of the operating reflux ratio to the minimum reflux 

ratio was set at a value of 1.25. This value was used because it has 

been shown from many studies in the iiterature of the economic optimum 

reflux ratio that the classical curve illustrating the optimum reflux 

ratio as a function of total cost exhibits a slow increase above the 

value of the optimum reflux ratio. The value of L25 was considered 

to be on this slow rising portion of the curve in most instances. 

2.4 Design of Distillation COlumns 

The design of each distillation column was made in the 

sequence in which it occurred in the configuration so that the input 

stream to the next column in the: configuration could be specified. 
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The columns were designed as tray columns and the process spe.cification 

of the columns was made by the use of established 'short-cut' design 

methods. Fenske's (1932) method was used for the calculation of. the 

minimum ~umber of equilibrium stages, Underwood's (1946) method for 

the calculation of the minimum reflux ratio and Gilliland and the 

Erbar-Maddox correlations for the number of equilibrium stages at the 

operating reflux ratio. The details of the methods will not be described 

here as these methods are readily available in standard texts on 

Distillation. However they will be discussed in so far as their use 

affected the analysis. 

It was accepted that the design of the columns by the short-

cut methods would be of sufficient accuracy for the thesis. A comparison 

of the results obtained was made by spot checks with the use of a 

rigorous method for the analysis of multicomponent columns. The extent 

of the variation produced in these comparisons was considered to be of 

little consequence. On the other hand, the agreement was considered 

to be very good.and tended to confirm the results of Van Winkle and 

Todd (1975). However this aspect will be discussed later in the thesis. 

The vapour-liquid equilibrium data used in the design of the 

columns was initially generated from Antoine constants. The equilibrium 
• 

vaporisation values for all components were derived as the vapour 

pressure determined by the Antoine relationship divided by the column 

pressure. The initial feed components were considered to be ideal and 

the data generated by the Antoine relationshp was considered to be of 

sufficient accuracy for the low operating pressure within each column. 

Later in the study, equilibrium values were obtained from Natural Gas 

. (:i2) (3) 
Processors' Association data and the Chao-Souder correlation• 

All 'K' data and enthalpy data were supplied to the computer programmes 

in the form of three degree polynomials as a function of temperature. 
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As stated, all feedstocks were at their bubble point 

temperature for the column operating pressure. For each feed this 

temperature was calculated by a bubble point progriffiffie described in 

the Appendix. This programme adopted the Newton-Raphson convergence 

method. 

Subsequent to the mass balances and the process desi~ of 

all columns and heat exchangers within a configuration being calculated, 

further computer programmes were written to design the distillation 

columns and heat exchangers to a degree from which quite accurate cost 

estimates could be made. 

Each column was considered as a valve tray column and 

designed in accordance with the manual published by Glitsch (8) for 

the design of this type of column. The description of the computer 

flow diagram used in the design of each column is supplied in the Appendix. 

Similarly each heat exchanger was designed to the extent that the heat 

transfer area was calculated.· The design.parameters used in these 

calculations are listed.in the Appendix. 

Basically each column was designed to the following extent:­

column diameter 

column height 

shell thickness 

actual number of stages. 

Subsequent to this design being made for each column, the capital 

investment required was calculated by the cost programme developed by 

the author and included in the Appendix; The total annual operating 

cost for each.column was then determined as the sum of the annual 

depreciation charge for the capital investment required for each column 

and heat exchanger and the annual· cost for the suppl¥ of process steam 

and cooling water. 
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The design procedure incorporated in the distillation sub­

routine was as follows:-

(i) Underwood's method for the determination of the minimum 

. reflux r.atio 

(ii) a modified Fenske method for the determination of the 

number of _equilibrium stages at total reflux conditions. 

(iii) the distribution of components in the product streams, 

based upon total reflux conditions. 

(iv) the Erbar-Maddox correlation' for the determination of 

·the number of equilibrium stages. 

In spite of the limitations in these short-cut methods for 

the determination of the above conditions, the methods were used in 

this phase of the study because of their wide .acceptanc.e. 

2.4.1 Calculation of Minimum Reflux Ratio 

Limitations which were of particular concern to this study 

arose through the use of the Un~erwood method. These difficulties· 

were as follows:-

(i) The aim of the study was the development of techniques 

to be used to predict the optimal process configuration. As will be 

described later in the study, an aspect of this development was the 

formulation of mathematical models of a given configuration and indeed 

the modelling of the differences between.alL the possible configurations 

for a given separation. The solution of the Underwood equations 

required an iterative solution method and this requirement limited 

the use of the Underwood method in a mathematical model. 

In view of this difficulty, a·review was made of all other 

methods available in the literature for the determination of the minimum 

reflux ratio for multicomponent columns. As it has been noted in the 

review of previous work, Rod and Marek's (1959) study was the only 
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reported attempt at a mathematical model for the comparison of process 

con~igurations of distillation columns. This model, while of limited 

use, as discussed in. the literature, incorporated the method of 

Robinson and Gilliland (1950) , The required solution did not need 

an iterative solution, From the review of other methods in the 

literature, the methods available were either more difficult or cumber­

some in their solution or required an iterative solution as in 

Underwood 's method.· 

A study was madeof the use of the Robinson and Gilliland 

method and a comparison made between the results obtained by this method 

for a wide range of feedstock~ with the method of Underwood. The author 

was not able to find any reference in the literature to any similar 

comparison. As a result of the investigatio~, it was found that 

reasonable agreement was reached between the two methods for multi­

component feedstocks in which the two key components were the major 

constituents. it was found that quite large discrepancies were evident 

• when feedstocks contained non-key components in substantial amounts. 

As this study would be considering a wide range of feed compositions as 

indicated in Table 2,2 and feedstocks in which the position of the two 

key components were to be varied to suit the particular configuration 

being considered, then the method of Robinson and Gilliland could not 

be used, 

This difficulty, together with the necessary adoption of the 

iterative procedure required by Underwood's method, imposed great 

problems which will be discussed presently. 

Further, because of_the_wide-acceptance of the method of 

Underwood for the determination of minimum reflux ratios within 

distillation technology throug?out the world, it was then decided that 
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further work in this study would be I:Bsed upon the use of the Underwood 

method and that the associated limitations would be accepted. 

As· the solution of the Underwood equations provides the same 

number 'of roots as the ·number·oj: compone~ts.in the feed, the selection 

of the key components is important. However. in all configurations 

considered, the position of the keys was always as adjacent components. 

There was never the occasion_ when there was a component(s) existing 

as a distributing component(s) betwee~ the two keys. Thus in the 

solution of the Underwood equations, only one root was required and 

that root had a value less than the relative volatility of the light 

key component. 

(ii) Another difficulty with the use of the Underwood equations, 

though not particular to the Underwood method alone, arose through the 

interpretation of the value of the relative volatility term in the 

equations. In the derivation of the-uriderwood equations, two assumptions 

are made. These are:-

(a) the relative volatility of all components is constant over 

·the column· length and 

(b) constant molal overflow. 

However in regard to the first assumption, there is confusion in the 

literature as to the appropriate value of the relative volatility to 

be used. Referring to the original papers of Underwood, no clarification 

is given. Rather the comment is made that "relative volatilities are 

assumed constant over the column". In the literature, for example, 

Smith (1963) uses the cubic mean of the relative volatilities calculated 

at three temperatures; the feed temperature, the dew point temperature 

of the overhead product and the bubble_point temperature of the bottoms 

product. King (1971) uses the geometric mean of the dew point temperature 
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of the overhead product and the bubble point temperature of the bottoms 

product. References are further made to arithmetric and geometric 
' 

means in the literature. 

A study was made of this aspect, for it was felt that the 

extent of this variation had to be established. Provision was made 

in the programme developed.by the author and described in Chapter III. 

This Programme basically replaced the Flowpack package which was not 

available to this study when the author returned to Australia where the 

study was continued. By this modification to the programme, the effect 

of the various interpretations of the relative volatility could be 

assessed. . .. 
It was found that quite __ considerable variation occurred as a 

result of the interpretation in the value of.the minimum reflux ratio 

calculated by the method of Underwood. However in this phase of the 

work, the primary concern was in the generation of qualitative data. 

Throughout the remainder of thi~ phase of the work, the value of the 

relative volatility term to be used in the Underwood equations was 

determined as the geometric mean of the dew point temperature of the 

overhead product and the bubble point temperature of the bottoms product. 

It must be noted that from the review of the previous work, this 

interpretation was the most widely held. 

It was noted above, that the Flowpack package had adopted the 

policy of the value of the relative volatility term as'being determined 

at the bubble point temperature of the feed to each column. This 

policy was no doubt brought about because of the nature of the 

calculation procedure adopted i~ the executive segment of the package. 

Within simulation packages, process stream conditions, i.e., flowrates 

pressure and temperature are determined for a given process item, say 
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'a distillation column, by calling a subroutine by which the design 

of the distillation column would be made. If the overhead product 

stream from this unit was the feed stream to another process item, 

the information flow would incorporate the conditions of the overhead 

stream only as the properties of the feed stream to the next process 

unit. Thus the Flowpack package could gener~te results which would be 

at variance with results obtained by the author's programme in which 

the geometric mean described above was used. 

(iii) A further difficulty arose from the use of the Underwood 

method for the determination of the minimum reflux ratio by the Flowpack 

programme. As indicated,. later in this study when access was not 

available to the Flowpack programme, the author developed a programme 

which would perform, among other functions, the same function as the 

Flowpack programme. For the solution of the Underwood equations, the 

author adopted the convergence method of Newton-Raphson whereas Flowpack 

had adopted a modified BOunded False-Position method. During comparison 

of the results obtained by both programmes, it was noted at a quite 

late stage in this phase of the study, that diffef''ences existed in the 

values of the reflux ratio obtained by both programmes under certain 

circumstances. On investigation, it was found that an error existed 

in the Flowpack programme through its use of the Bounded-False-Position 

method. The reason for the error arose through a combination of the 

nature of the Underwood equation in the vicinity of the roots and the 

procedure incorporated in the programming of the method in Flowpack in 

an attempt to force the programme to a quicker convergence. 

It was observed that the error was quite significant for only 

those feeds in which the non-key components were in significant amounts. 

Unfortunately, as all of the results of this part of the exploratory 
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phase of the thesis had used Flowpack, it was necessary to re-calculate 

all of the results thus far. 

Fortunately, the error was found to be essentially a constant 

error and could be said to have little influence on the results at this 

stage. The aim was to.generate data to indicate the extent of the 

variation to the total operating cost by the different process con-

figurations possible for a given separation. Quantitative data was not 

being generated from this phase of the work. Rather interest was only 

in the relative differences in the costs of each configuration. 

In all subsequent calculations, the value of the minimum reflux 

ratio was determined by the Underwood equations incorporating the 

Newton-Raphson convergence procedure only. • All results obtained by the 

Flowpack programme incorporating the Bounded•False-Position method 

were re-calculated. 

Verification of the fact that the method adopted in Flowpack 

was in error was confirmed by. the Supervisor and later acknowledged by 

ICI and the solution procedure was modified in the Mark II version of 

the package; An example illustrating the error will be included in the 

Appendix. 

2.5 Degree of Recovery~ Specification 

For each feed, each feed composition and each process con-

figuration,.three values of product recovery were considered. These 

were identical for each component in the feed and were the following: 

90%, 95% and 99%. 

The specified degree of recovery which was adopted in this 

study for each component was defined as the percentage recovery of a 

given component to the amoUnt of that component in the feed to the 

configuration. The alternative definition was to refer the amount of 
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the component recovered to the amount of the component in the feed 

to the column in which it is to be recovered. Heaven (1969) adopted 

this definition of recovery in his study. By the use of this definition 

an additional variable is introduced. For example, for components 

recovered as products in other than the first column in a configuration, 

the overall recovery factor specified is composed of two recovery factors 

which can be varied between two limits. For a three component feed 

comprising components A, Band C being· separated by the direct sequence, 

then B and C would be recovered in the second column. If the recovery. 

of B was specified to be 95\ then the value of the degree of recovery 

of B in the first column would be within the range of 95,5% and 99% 

with the corresponding value of the degree of recovery of B in the 

second column to provide an overall recovery·of·9S%. 

Thus there is an optimal value of the two•values of recovery 

in both columns. While it was realised that this concept had merit, 

it was not considered at this.stage. The concept will however be taken 

up at a later stage in.the thesis. 

2.6 Description of Experimental Procedure 

The investigation as stated, proposed to study the effect of 

a number of parameters upon the selection of optimal configurations. 

Initially, a number of feedstocks were selected which it was felt would 

allow the effect of feed composition and the degree of recovery to be 

evaluated. To· examine the effect of component volatility a further number .. 
of feedstocks were required. This section will discuss the selection of 

the feedstocks used. 

Each feedstock was then analysed in an identical manner by the 

design method described earlier in this chapter. The results obtained 

will be given in Chapter 3. 
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2.6.1 Selection of feedstocks to study the effect of feed composition 

and component recovery 

It was proposed to limit the number of feedstock components 

to a· maximum of five; Two factors influenced this decision. These were: 

·(i) For the separation of five component feedstocks into pure 

components, fourteen configurations are possible, whereas for six 

component feedstocks, forty two configurations are possible. This number 

of configurations was considered far too large a number for the physical 

handling of the data and results. Moreover, it is very rare to have 

distillation plants in practice making more than four or five products. 

(ii) Trends evident in four component feedstocks would be 

expected to be applicable to five or more component feedstocks. With 

four component feedstocks there was the possibility of considering the 

influence of the non-key components upon the optimal configuration. 

For example, by the selection of the key components, a· four component 

feedstock could provide,. in terms of volatility, one non-key component 

on either side of the key components. Further it is possible to have 

two components as non-keys on either side of the keys. Five component 

feedstocks could provide two non-keys on either side of the keys together 

with one non-key on the other. Six component feedstocks would provide 

at least two components on both sides of the key components. Thus it 

was felt that the influence of non-keys could be adequately investigated 

by considering four and five component feedstocks. 

The components selected for the three, four and five component 

feedstocks are given in Table 2.1. These components were selected for 

the following reasons: 

(i) readily available and accurate data 

(ii) previous studies had used these components 

(iii) these components comprise the greatest tonnage of all 

materials distilled. 
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TABLE 2.1 

Feedstock 

Three 

Four 

Five 
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Components used in three, four 
and five component feedstocks. 

Components 

n-Butane, iso-Pentane, n-Pentane 

iso~Butane, n-Butane, iso-Pentane, 
n-Pentane 

Propane,· iso-Butane, n-Butane, 
iso-Pentane, n-Pentane 

As noted previously, all feedstocks were considered to be . 

at their bubble point temperature for the operating pressure .used. 

The range of feed compositions used for each feedstock is given in 

Table 2.2 • 

TABLE 2.2 Feed compositions for feedstocks 
Table 2.1 

Component Feed Type 
(Compositions in mole fractions) 

1 2 3 4 5 6 

(i) Three 
component 
feeds 

A .33 .a .1 .1 

B .33 .1 .a .1 

c .34 .1 .1 .a 

(ii) Four 
component 
feeds 

A .25 .7 .1 .1 ,1 

B .25 .1 .7 .1 .1 

c .25 .1 .1 .7 .1 

D .25 .1 .1 .1 .7 

(iii) Five 
' component 
feeds 

A .2 .6 ·.1 .1 .1 .1 

B .2 .1 .6 .• 1 .1 .1 

c • 2. .. 1. .1 .6 .1 .1 

D .2 .1 .1 .1 .6 .1 

E .2 .1 .1 .1 .1 .6 
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It should be· noted again at this point that of the reported 

studies in the literature, the most comprehensive in terms of feed-

stocks considered, was the study of Heaven (1969). ·This author 

considered a small number of three component feeds and compositions 

together with one four and one five component feed. ' 

2.6.2 Selection of feedstocks to study the effect of component 

volatility 

For the study of the effect of component volatility using 

the design method used so far, certain inherent difficulties existed and 

these were as follows:-

(i) Low values of relative volatility between an adjacent 

pair of components in a feedstock compared with the relative volatilities 

between the remaining adjacent pairs of ·components in the feedstock 

would make the former separation more difficult than the latter. The 
•.. 

degree of difficulty.would of course depend on the absolute value of 

the relative volatility of the. 'difficult' pair. 

(ii) Associated with (i), is the possibility, the study of 

which has not been reported in the literature, that a difficult' 

separation may be dependent upon the actual value of the relative 

volatility of the other pairs of components in the feedstock. For 

example, for the separation of a three component feedstock A, B and 

C in which the relative volatilities for A and B and for B and C are 

1.1 and 4.0 respectively, the question arises whether the separation 

of components A and.B will be as difficult when the relative volatility 

between B and C has a value of say 2.0. This aspect has been considered 

later in Chapter 7 and will not be considered further at this stage. 

(iii) The position of the difficult separation within the 

feedstock may occur in any of 'n-1' positions in an 'n' component 

feedstock. 
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(iv) An additional· difficulty and one to which considerable 

attention will be given later in the study, is the possibility that 

one of the components of a difficult pair could be the predominant 

component in the feedstock. In terms of the proposed heuristics, a 

conflict would exist. On the one hand, one heuristic would suggest 

the removal of the predominant component early in the sequence while 

another would suggest that the difficult separation be left until late 

in the sequence. . 

Clearly, .the study of the effect of relative volatility upon 

the selection of the optimal configuration could be made easier if a 

suitable analytical relationship was available. As will be discussed. 

in Chapter 4, the possibility of such a relationship is not feasible 

and the study must be made using the design ~ethod so far used. As 

a result, a very large.number of cases would be required to be analysed 

in order to obtain meaningful results. 

In view of the difficulties described above, it was proposed 

to investigate the effect of component.volatility in the following 

manner:-

(i) To consider.the position of the difficult separation 

within a feedstock. It was decided to use a four component feedstock 

as this would provide three positions for the difficult separation. 

Four componer.t feedstocks were selected i.n which a difficult separation 

occurred in each of the three positions. Components were selected 

which W<llllc provide a value or relative ·volatility which could be 

considered· as· difficult·. However the absolute value· of this figure 

was not identical'inall' feedstocks~ ·This was not possible as the 

result of using actual compounds for the feeustock. Later in the 

study, use was made of theconcept of 'pseudo-components' which are 

hypothetical components· given properties so as to produce values of 
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the relative volatility of any.predetermined value. In iill feedstocks, 

the degree of difficuity of the difficult separation was made to be 

a value which was considered to be typical of a difficult. separation 

in practice·. The value was also considerably less than the relative 

volatilities between the other adjacent pairs of components in the 

feedstock. The four component feedstocks selected are given in 

Table 2.3. Values of the relative volatilities are also included·. 

TABLE 2.3 

Feed 

1 

2 

3 

Additional four component feedstocks 
to study the effect of varying position 
of a difficult separation. 

Components 

iso-Butane 

iso-Pentane 

n-Hexane 

n-Heptane 

1-Butene 

'1-Pentene 

n-Pentane. 

n-Hexane 

iso-Butane 

n-Butane 

n-Pentane 

n-Hexane 

·> 
'::::> 
::::::.... 

> 
> 
> 

> 
> 
> 

Relative 
volatility 

2.65 

2.95 

2.35 

2.58 

1.17 
• 2.45 

1.31 

2.76 

2.62 

(ii) The next phase was to vary the value of the relative 

volatility of the difficult pair. This investigation was made using 

three component feedstocks instead of the four components used 

previously. Only two positions were available for the difficult pair. 

Five.binary. feedstocks were selected in which the ~elative volatility 

varied from a low value of 1.07 to a high of 2.0. To each binary 
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feedstock, a third component was added, in one case a lighter component 

and in the other a heavier component so as to make in all ten three 

component feedstocks. These feedstocks were formulated as follows:-

Type A Type B 

A . X 

B A 

y B 

where components A and B are the binary feed components and X and Y 

the lighter and heavier components respectively. The relative volatility 

between components B and Y and between components X and A was selected 

to be considerably greater than between components A and B. Table 2.4 

gives the ten three component feedstocks formed while Table 2.5 gives 

the values of the relative volatility. 

For each feedstock, a range of feed compositions was used. 

The ranges are given in Table 2.6. 

All of the above feedstocks were treated in the same way as 

previously. The total annual operating cost and the reboiler heat 

loads were calculated for each feedstock. 

. .. 



TABLE 2.4 

• 

Feed 

la A 

B 

c 

2a A 

B 

c 

3a A 

B 

c 

4a A 

B 

c 

Sa A 

B 

c 
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Additional range of three component 
feedstocks to study possible conflict 

in heuristics • 

Component Feed Component 

Propane lb Trans-2-Butene 

Trans-2-Butene Cis-2-Butene 

Cis-2-Butene Hexane 

Propane 2b I so-Butane 

Iso-butane Iso-Butene 

Iso-butene Hexane 

Propane 3b I so-pentane 

I so-pentane n-pentane 

n-pentane Heptane 

Propane 4b I so-butane 

I so-butane n-butane 

n-butane · Hexane 

n-butane Sb Hexane· 

Hexane Benzene 

Benzene Octane 

.; . 



TABLE 2.5 

.. 
l A 

B> 

c> 
2 

A> 
B 

c > 
3 A 

> B 

c> 
4 

A> 
B 

c> 
5 

A> 

B 

c> 
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·Relative volatilities of feedstocks 
given in ·Table 2.4 

Relative Volatilities of Three 
Components Feeds 

(Equimolar) 

Type 'A' Feeds Type 'B' Feeds 

3.75 1.06 

1.08 6.5 

.. ; 

2.65 1.10 

1.16 9.29 

7 .9. 1.18 

1.28. 5.01 

5.92 1.28 

1.36 6.05 

2.65 1.32 

1.41 7.57 



TABLE 2.6 

Component 

A .. 
B 

y 

X 

A 

B 
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Range of feed compositions for 
feedstocks in ·Table 2.4. 

Feed Compositions. (mole fraction) 

(1) (2) (3) (4) (5) (6) 

0.4 0.3 . 0.2 0.1 0.1 0.8 

0.4 0.3 .. 0.2- 0.1 0.8 0.1 

0.2 0.4 0.6 0.8 0.1 0.1 

0.2 0.4 0.6 . 0.8 0.1 0.1 

0.4 0.3. 0.2 0.1 0.8 0.1 

0.4 0.3 0.2· 0.1 0.1 0.8 

The results obtained from these investigations will be 

given in the next chapter. 
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CHAPTER 3. RESULTS OF DESIGN ANALYSIS 

3.1 Introduction 

In chapter 2, the initial phase of the study was described. 

This phase was the generation of qualitative data which would illustrate 

the effect of column configuration. upon the separation of three, four 

and five component feedstocks into products of varying purity. The 

data was to be obtained for a range of values of feed composition, 

component volatility and component degree of recovery. The results of 

this phase of the study will be presented in this chapter. 

For the comparison of the configurat.ions possible for a given 

separation, the objective function used·was the total annual operating 

cost for each configuration. The design method used to calculate the 

objective function has been.described in chapter 2. The results, both 

design and economic, obtained by this method for each configuration 

were considerable. For example, for each configuration, a mass and 

energy balance was made and this balance provided the flowrates, 

compositions and temperatures of all process and product streams. From 

this information, the design and subsequent costing of all process items 

and utilities for a configuration were made. All of the results obtained 

for the large number of cases considered in the study could not be 

included in the text. Only the values o.f. the objective· function, the 

total annual operating cost, have been reported.·. A computer printout 

showing the results obtained for a.typical configUration has been 

included, however; in the Appendix. 

3.2 Effect of Process Parameters 

The initial phase of the study proposed to consider the effect 

of the following three parameters upon the selection of the optimal 
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configuration for a given separation:-

(i) feed composition 

(ii) feed component volatility 

(iii) degree of recovery of· all feed components. 

· 3.2.1 Feed composition 

Results which show the effect of feed composition upon the 

optimal configuration for the three, four and five component feedstocks 

used, are given in Tables 3.1, 3.2 and 3.3 respectively. The feed 

·compositions used are as given in Table 2.2. The cost for each con-

figuration is given as the total annual operating cost expressed in 

Pounds Sterling. The percentages given are the difference in the total 

annual operating cost for a given configuration relative to the corres-

pending figure for the direct configuration. 

TABLE 3.1 

Configuration 

1 

2 

2 

Total Annual cost for three component feed 
comprising:- n-Butaner iso-Pentane and n-Pentane 
for the two possible c~nfigurations. 

Recovery 

90% 

95% 

99% 

90% 

95% 

99% 

90% 

95% 

99% 

Feed.Types (refer Table 2.2) 

1 2 3 4 

255,011 141,442 

. 281,100. 154,654 

306,252 164,928 

272,112 198,811 

297,374 . 211,126 

313,746 222,440 

332,335 

370,752 

406,225 

345,991 

384,926 

406,722 

288,368 

315,442 

343,928 

294,919 

324,820 

339,097 

Percentage Cost difference relative 
to Configuration 1 

-6.3 -40.5 -3.8 -2.2 

-5.8 -36.2 -3.7 -2.9 

-2.4 -34.5 -0.2 +1.4 

Table 3.1 gives the results for the three component feedstock. 

Four feed compositions were used and for each feed composition, three 

degrees of recovery were specified. 
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TABLE 3.2 Total annual cost. for a four component feed 
comprising:- iso-Butane, n-Butane, iso-Pentane 
and n-Pentane for five possible configurations. 

(Percentage cost difference relative to configuration 1 given 
in brackets.) 

CONFIGURATION FEED TYPES (refer Table 2. 2) 
AND RECOVERY 

1 2. 3 4 5 

1 90% 382,349 307,378 ,.346,848 454,808 401,498 
95% 4~0,354 335,418 381,075· 502,100 429,246 
99% 451,881. . 354,173 403,663 546,388 476,172 

2 90% 399,738 380,149 . 350,839 465,490• 405,320 
(-4. 5) ('-23.6) (-1.2) (-2.3) (-0. 9) 

95% 435,550 407,169 385,100 512,075 440,100 
(-3. 6) (~21.4) (-1. 0) (-1. 9) (-0.2) 

99% 471,214 436,869 411,209 556,623 479,117 
(-4. 3) (-23. 3) (-1.8) (-1.8) ( -0. 6) 

3 90% 407,345 366,439 424,112 473,038 399,366 
(-6. 5) (-19.2) (-22. 3) (-4.0) (+0.5) 

95% 442,823 393,290 455,494 520,925 434,575 
(-5.3) . (-17.3) (-19.5). (-3.8) (+1.1) 

99% 464,013 407,749 478,779 548,414 450,632 
(-2.7) '(-15.2) (-18.5) c -o. 4) (+5.4) 

4 90% 426,762 437,660 426,775 484,043 406,125 
(-11. 6) (-43.3) (-23.0) (-6.4) (-1.15) 

95% 462,030 464,650 459,510 532,706 441,620 
( -9. 9) (-38.5) (-20.5) (-6.09) c -o. 5) 

99% 486,698 489,790 484,538 559,012 459,716 
(-7. 7) (-38.3) (-20.1) (-2. 3) (+3.4) 

5 90% 403,362 317,956. 413,325 475,848 415,630 
(-5.5). (-3. 44) (-19.2) (-4. 6) (-3.5) 

95% 441,677 344,838 447,754 52,5,446 456,920 
(-5.0) (-2. 9) . (-17.5) (-4.6) ( -4. 0) 

99% 464,558 359,388 471,055 553,897 477,742 
(-2.8) (-1.4) (-16.7) (-1. 37) (+0.33) 
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Table 3.2 gives the results for the four component feedstock. 

Five feed compositions were used and again for each composition, three 

degrees of recovery were specified. The results are also given in 

Figure 3.1. 

·In all cases in this thesis, the percentage difference between 

configurations is expressed as follows:-

Cost of Direct Configuration - Cost 
of Indirect Configuration X 100% Percentage Difference = 

Cost of Direct Configuration 

It must be noted that the total annual operating costs as a 

function of feed composition have been given in the form of a 'bar' 

chart or histogram. This is necessary as the joining of the values of 

the total annual operating costs to form a curve ~ould imply a function 

between these variables. The existence of such a function was not 

considered but will be considered at a later stage in the study. 

Table 3.3 gives the results for the five component feedstock. 

Six feed compositions were used together with the three degrees of 

recovery. The total annual operating costs are given for the direct 

configuration only. The costs for the remaining thirteen possible 

configurations are given as a percentage of the cost of the direct 

configuration. The results are also·given·in Figure 3.2. 

3.2.2 Effect of the Degree of Recovery of the Components 

The three values of the degree of recovery of the feed 

components were 90, 95 and 99%. As discussed in Chapter 2, the degree 

of recovery was defined, in this study,_ as the amount of the component 

recovered as a percenta~e of the amoUnt of the component in the feed 

to the configuration. The alternate definition is to relate the amount 

of the component recovered to the. amount of the component in the feed 

-
to the column in which the component is to be recovered. 



. !>SO ~ 

330 t-

.., 
310 - . z 

...J 
Cl 

,. 

uJ 
1-
\11 2~0 f-., 

Ill 
0 z 
::> 
0 2.10 t-c. 
0 

.o 
.2· 250 r 

'it 

ln 
0 
v 2?10 1-
..J• 
4. 
::> z 
z 210 1-4. 
...J 
4 
1-
0 

1~0 -1-

170 -

~ 
I 

60 • 

V 
r 

I / \ 

I 

\ / 

I 
I I 

CONI'IGURA.T ION 
NUMBE.R. 1, n ... J[ 

FEE.D TYPE 5 ( R.E.F'£.R. ~A.BLE) 

2.2 

FIGURE 3.1 - Total Annual Operating Cost for Four 
-

Component Feedstock given in Table 2.1 



61. 

' TABLE 3.3 Total annual cost and percentage.difference, relative to 
configuration 1, for a five component feedstock comprising:-
Propane, iso-Butane, n-Butane, iso-Pentane and n-Pentane. 

CONFIGURATION FEED TYPES (refer Table 2.2 
AND RECOVERY 

1 2 3 4 5 6 

1 99% 629,589 886,326 630,086 554,439 702,135 630,576 
95% 591,313 795,305 599,136 526,043 650,031 586,250 
90% 540,310 731,822 551,830 484,027 590,636 537,139 

2 99% -5.'8 -3.3 . -22.0 -15.0 -3.3 -1.4 
95.% -7 .6. -9.3 -22.4 -15.5 -6.7 -1.9 
90% -8.8 -21.0 -24.3 -17.2 -7.1 -2.56 

3 99% -2.7 -.1.6 -13.2 -0.6 -1.7 -0.4 
95% . -2.4 -12.5 -12.0 -0.2 -1.9 -0.1 
90% -3.2 -19.4 -13.5 -0.1 -2.3 -0.8 

4 99% -2.0 -1.1 -1.0 ..,12.5 -1.3 -0.3 
95% -3.6 -1.36 -1.9 -13.2 -4.0 -3.2 
90% -3.8 -lA -2.0 -14.1 -3.98 -2.0 

5 99% -2.3 -1.2 -8.3 -13.6 -1.5 -3.2 
95% -4.2 -0.5 -9.7 -14.4 -4.4 -0.2 
90% -5.0 -1.0 -10.4 -16.'3 -4.7 -0.8 

6 99% -81.8 -76.6 -136.0 -132 .o -40.0 -44.0 
95% -86.2 -24.7 -142.6 ·-139.0 -42.7 -48.0 
90% -88.6 -28~0 -142.8 -143.0 -44.1 -49.0 

7 99% -83.8 -77.7 -137.0 . -145.0 -41.3 -45.9 
95% -89.8 -26.0 -144.0 -152.0 -46.7 -51.0 
90% -92.5 -29.5 -147.0 -157.0 -48.2 -52.0 

8 99%. -59.5 -62.0 -14.0 -2.2 -54.0 -30.9 
95% -62.5 -41.7 -13.0 -1.5 -58.3 -32.0 
90% -66.8 -45.6 -15.1 -2.0 -63.5 -35.0 

9 99% -137.0 -139.0 -149.0 -133.0 -89.0 -68.7 
95% -142.0 -69.0 -151.0 -137.0 -95.0 -72.0 
90% -149.0 -76.0 -154.0 -138.0 -101.0 -75.7 

10 99% ·-140.0 . -235.0 -159.0 -149.0 -89.6' -63.0 
.. 

95% -147.0 -140.0 -162.0 -154.0 -99.4 -69.0 
90% -154.0 -151.0 -167.0 -156.0 -104.0 -73.0 

11 99% -2.4 -96.0 -9.0 -14.3 -1.2 +6.0 
95% -4.5 -69.0 -10.6 -15.3 -4.2 +2.3 
90% -5;8 -73.0 -12.8 -17.4 -4.7 +1.4 

12 99% -83.0 -173.0 -146.0 -148.0 -41.0 -3.42 
95% -89.0 -95.0 -154.0 -151.0 -46.7 -40.1 
90% -93.0 -102.0 -155.0 -162.0 -48.6 -43.4 

13 99% -62.0 -158.0 -24.0 -17.5 -54.8 -24.0 
95% -67.0 -112.0 -25.0 -18.5 -62.7 -29.0 
90% -72.0 -120.0 -27.3 -20.4. -66.0 -32.0 

14 99% -6.1 -98.0 -23.0 -15.7 -3.0 +4.0 
95% -7.9 -68.0 -23.4 -16.3 -6.1 +0.6 .. 
90% -9.7 -93.0 -35.0 -18.4 -7.1 -0.41 
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The effect of the three values of the degree of recovery 

used can be noted from Figures 3.3 and 3.4 which are the results for 

the four and five component feedstocks respectively.· As .to be expected, 

the results show that the higher the recovery rates, the higher is the 

cost of the separation. 'However the results do indic;ate that higher 

values of·the degree of recovery did not produce, in all cases, a 

correspondingly higher value of the cost of the separation. 

Several runs were made using a 98% component recovery rate 

in order to compare the r.esults of this study with results of previous 

studies. Both definitions were used so as to compare the results and 

also to indicate the effect of the two interpretations of the degree of 

recovery •. The results, when using the same definition, were in agreement. 

Since this aspect has been discussed in a preyious publication by the 

author (1974) it will not be presented in this study. 

As the results obtained were those expecbed, there appeared 

to be no justification for considering this aspect further. 

3.2.3 Discussion of Results of Section 3.2.1 and 3.2.2 

Before considering the effe.ct of the third parameter, component 

volatility, it is proposed to·comment briefly upon the results given 

in the previous two sections. 

Firstly, the results have shown that the physical arrangement 

of the distillation columns for a given separation into the number of 

different configurations possible does have an effect upon the cost of 

the separation. The-size of the effect has been shown, for the feed­

stocks used, to vary from insignificant to differences of the order of 

150%. 

Secondly, the results have shown that for the feedstocks used, 

the direct configuration was, in nearly call cases considered, the optimal 
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configuration. In the very small number of cases in which this was 

not the case, the percentage cost difference between the optimal con-

figuration and the direct configuration was ver~ small. However, before 

any conclusions can be drawn from the fact that the direct configuration 

was optimal in nearly all cases, .it must be stressed that the feedstocks 
.. 

used did not contain a separation which could be considered difficult. 

This eliminated any consideration of the influence of the presence of a 

difficult separation upon the selection of the optimal configuration. 

While the feedstocks did not contain any difficult separations, the 

values of the relative volatilities between.all possible pairs of corn-

ponents ·were not equal and it is put forward .that until the effect of 

component relative volatility is studied, then no conclusions can be 

drawn from these results in regard to the effect of the presence of a 

difficult component. 

Thirdly observations which can be made from the results may be 

summarised as follows:-

(i) There is a considerable variation in the cost differences 

between the configurations possible for a given separation. 

(ii) The greatest cost difference occurred in those feedstocks 

in which the lightest component was the predominant component. 

(iii) The cost of separation w~s greatest for those feedstocks 

described in (ii) while the reverse oCcurred for those feedstocks in 

which the least volatile component was· the predominant component. 

(iv) The degree of recovery of the components did not appear 

to influence the selection of the optimal configuration. 

(v) For the separations in which the direct configuration was 

optimal, the next optimal configuration from those possible was not 

·predictable.· There were many cases in which the 
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optimal configuration, after the direct configuration, could be 

selected on the basis of one or two of the proposed heuristics, .though 

there were cases in which the heuristic thought to be applicable for 

a given separation did not apply. 

(vi) As a result of the comments in (v) .. it was felt that no 

further observations were meaningful until. the· study was made of the 

effect of the third parameter. 

3.2.4 Study of the Effect of Component Volatility 

The foUr component feedstocks specified ·in.Table 2.3 were 

treated·in the same manner as the·previous.feedstocks; Only one value 

of component recovery was specified for each component. The value used 

was 95%. The results obtained are given in Tables 3.4, 3.5, 3.6 and 

3.7. It is to be noted·that the reboiler heat" load rather than the I 
I 

total annual operating cost has been used as the objective function. I 
In all of these tables, the differences in reboiler heat loads of a 

configuration have been expressed as a percentage of the reboiler heat ~ 
! 

load of configuration one. The justification of the use of the reboiler 

heat load as the objective function will be discussed in the Appendix. 

The results are shown graphically in Figures 3.5, 3.6 and 

3. 7. In Figure 3.5 the three cases denoted by I, II and III provide 

the cost relative to configuration 1 of the following:-

(i) Bars denoted by (I) indicate _the relative cost for 

an equimolal feedstock in which no difficult separation occurs. 

(ii) Bars denoted by (II) indicate the relative cost for an 

equimolal feedstock in which a difficult separation occurs between 

components A and B. 

(iii) Bars denoted by (III) indicate the relative cost for an 

equimolal feedstock in which the difficult separation occurs between 

components B and C. 
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TABLE 3.4 Reboiler heat duty for each of the five possible 
configurations for the separation of ttie following four 
component feedstock :- iso-Butane, iso-Pentane, n-Hexane 
and n-Heptane (95% recovery of all components). 

CONFIGURATION REBOILER HEAT DUTY, GJ 
NUMBER 

FEED 1 FEED 2 FEED 3 FEED 4 FEED 5 

... 
1 4.253 3.386 4.22 5.644 3.955 

(0.0) ·. (0.0) (0.0) (0. 0) (0.0) 

2 4.39 4.431 4.43 5.581 3.639 
(-3.2) (-30.1) (-5.0) (+1.2) (+7.05) 

3 4.944 6.971 5.74 6.383 3.365 
(-16. 2) (-105.8) (-36.0) (-13.1) (-14.9) 

4 5.201 8 •. 377 5.982 6.351 4.051 
(-22.3) (-147.3) (-41.7) (-12. 5) (-2. 9) 

5 4.589 3.651 5.486 6.024 3.46 
(-7.91) (-7.8) (-30.8) (-6. 7) (+12 .1) 

TABLE 3.5 Reboiler.heat duty for each of the five possible 
configurations for the separation of the following four 
component feedstock :- 1-Butene, 1-Pentene, n-Pentane, 
n-Hexane. (95% recovery of all components) 

CONFIGURATION 
NUMBER 

1 

2 

3 

4 

5 

FEED 1 

10.025 
(0.0) 

10.08 
(-0.5) 

10.285 
(-2 .6) 

10.216 
(-1. 9) 

10.012 
(+0.12) 

REBOILER HEAT DUTY, GJ. 

FEED 2 

4.132. 
(0. 0) 

5.022 
(-21.5) . 

5;265· 
(-27 .4) 

6.13 
(-48.3) 

4.252 
(-2.9) 

FEED 3 

13.96 
(0 .0) 

12.23 
(+12.4) 

13.02. 
(+6.7) 

13.84 
(+0.8) 

15.28 
(-9. 5) 

FEED 4 

12.73 
(0. 0) 

12.69 
(+0.3) 

13.06 
(-2.5) 

12.94 
(-1.5) 

FEED 5 

4.34 
(0. 0) 

4.82 
(-33. 9) 

4.45 
(-2.6) 

. 4.46 
(-2 .6) 



. 70. -

TABLE 3.6 Reboiler heat duty for each of the five possible 
configurations for the separation of the following four 
component. feedstock :- iso-Butane, n-Butane, iso-Pentane 
and n-Hexane (95% recovery of all components). 

CONFIGURATION REBOILER HEAT DUTY, GJ 
NUMBER FEED 1 FEED 2 .·FEED 3 FEED 4 FEED 5 

1 .. 11.046 8.478 . 9.574 13.17 12.59 
(0.0) (0.0) (0.0) (0.0) (0 .0) 

2 10.93 9.854 9.636 12.94 11.922 
(+1.05) (-16.2) . (-0.6) (+1. 76) (+5.36) 

3 10.56 9.215 10.78 13.5 11.24 
(+4.39) (-8. 6) (-12 .6) (-2.5) (+10.8) 

4 10.68 10.61 10.82 13.31 11.19 
(+3.24) (-20.1) (-13.6) (-1.04) (+11.4) 

5 10.87 8.40:3 10.56 13.69 12.04 
(+1.59) (+0.7) (-10.2) (-3.9) (+4.4) 

TABLE 3.7 Reboiler heat duty for each of the five possible 
configurations for the separation of the following four 
component feedstock :- iso-Butane, n-Butane, n-Pentane 
and n-Hexane 

CONFIGURATION REBOILER HEAT DUTY, GJ 
NUMBER 

FEED 1 FEED 2 FEED 3 FEED 4 FEED 5 

1 7.03 7.301 8.28 6.47 5.29 
(0.0) (0.0) (0. 0) (0.0) (0 .0) 

2 6.9 8.54 8.3 6.26 4.73 
(+1.8) (-16.1) (-0. 2) (-3.26) (-10,1) 

3 7.533 8.65 9.68 . 7.03 4.99 
(-7 .2) (-18.4) (-16.9) (-8. 6) (+5.7) 

4 7.63 9.86 9.742 6.89 4.99 
(-8. 5) (-35 .4) (-17.6) (-6. 5) (+5.6) 

5· 7.34 7.48 9.49 6.84 5.33 
(-4.5) (-2.3) (-14.6) (-5.7) (-0.6) 
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In Figures 3.6 and 3.7 the bars I, II and III denote the same feed 

types as in Figure 3.5. However in Figures 3.6 and 3. 7, component A 

and B are predominant respectively. 

With reference to Figure 3.5, (I) indicates that the direct 

sequence is optimal. (II) indicates that after configuration one, 

configuration two is optimal. This implies that the separation of 

components C and D is made first to leave the separation of the difficult 

separation between A and B until last in the sequence or in the absence 

of other components. (III) denotes that.again after configuration one, 

configuration five is optimal. This implies that components A and D 

should be removed early, leaving the difficult separation between B and c 

to be carried out in the absence of other components. 

The effect of a predominant component is illustrated in 

Figures 3.5 and 3.6. In Figure 3.5 after configuration one, which is 

again optimal, configuration five is optimal, thus suggesting the removal 

of the predominant component first, In Figure 3.6, configuration two is 

optimal, which suggests that the removal of the predominant first should 

be made first even though the predorninanf component is one of the 

difficult pair. 

Conclusions which may be drawn from this phase of the investi­

gation of the four·component feedstocks would confirm that the reason 

for a given configuration being optimal can be explained in terms of one 

of the proposed heuristics, in particular heUfistics I and II of Heaven 

and King and the heuristic proposed by Nishimura et al. The fact that 

configuration 1, which is Heaven's heuristic I, was optimal in all 

cases was felt to be a result of the particular value of the re~ative 

volatility used in the 'difficult' separation. If the selection of 

compounds as components of the difficult pair had provided a lower value, 
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then possibly different results would have been obtained. The 

principal result from this section of the study is that it is not 

possible to indicate under what values of feed composition and component· 

volatility each heuristic will dictate the selection of optimal · 

configurations. 

3.2.5 Study· of the Effect of ComponentVolatility using three component 

feedstocks 

The three component feedstocks described in Tables 2.4 and 2.6 

were treated in an identical manner to the four component feedstocks. 

'The results obtained are given in Table 3.8. For each feed the result 

obtained has been expressed in terms of percentage difference in the 

reboiler heat load and the overhead vapour flow rate. These latter figures 

were' included in this table to illustrate the similarity between the two 

criteria for the type 'B' feedstocks. These figures indicate that for 

feedstocks in which the difficult separation is between the two lightest 

components, the overhead vapour rate could appear to be a valid criterion 

for comparison of the two configurations. This aspect will be discussed, 

however, in detail in chapter 6. . . 

A study of the results giveri in Table 3.8 would suggest that 

there is little significance which can be placed upon them. There are 

isolated cases in the table where the expected results do not·occur; 

for example, for feedstock 'lB having a feed composition of 0.1,0.1,0.8 

it would be expected that the indirect·configuration would be optimal. 

It must be concluded from these results that·they tend to confirm the 

results obtained in the previous section of the thesis. It is necessary 

then that there·must be' clarification of the conditions at which a 

particular heuristic will dictate the selection of the optimal' con-

figuration.· 
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'TABLE 3.8 Percentage difference in reboiler heat load (qr). and 
overhead vapour rate (v) for various feed composition. 

FEED COMPOSITION (MOLE FRACTION) ,. A B A B A B A B A B A B <]) ,., .:: 
§ .g g .... 0.2 0.4 0.33 0.34 0.6 0.2 o.8 0.1 0.1 0.1 0.1 o.8 
l2; . "' ~ .... .., 

~ ~ 0.4 0.4 0.33 0.33 0.2 0.2 0.1 0.1 0.8 0.8 0.1 0.1 
<]) 
<]) ~'~8 0.4 0.2 0.34 0.33 0.1 0.8 0.1 0.1 "' 0.2 0.6 0.8 0.1 

lA V 1.67 3.27 -7.89 -4.53 -1.78 5.04 

q r -1.8 -3.85 6.01 5.6 -4.42 -8.39 

lB V 3.44 7.21 10.5. -14.78 2.95 2.54 
qr 3.66 7.61 11.26 -14.68 2.97 2.68 

2A V 2.96 2.46 -2.14 -18.48 1.67 9.19 
qr 1.63 -3.83 2. 32. -11.93 • -2.92 -8.39 

2B. V 3.31 9.44 15.22 10.02 2.81 0.75 
qr 3.27 9.31 14.99 .9.54 2.83 1.81 

3A V 1.16 0.83 -3.51 -20.68 -2.46 6.48 
qr -11.6 -11.54 -6.23 -1.92 -12.64 -3.98 

3B V -2.73 1.22 3.32 5.55 1.04 -8.36 
qr -2.86 1.05 : 3.09 4.08 1.15 -8.37 

4A V 0.88 -5.33 -16.9 -39.0 -2.93 11.58 
qr. -0.6 -10.39 -13.42 . -34.7 -4.17 -3.6 

4B V -6.62 -2.57 1.93 5.00 -0.02 -14.92 
qr -6.65 -2.62 1.91 4.14 -0.06 -14.9 

SA V 0.08 -2.56 -10.02 -30.62" -3.01 6.88 
qr -15.57 -10.09 -5.73 -16.87 -13.41 -8.42 

5B V -8.6 -7.2 7.95 . -8.4 -2.17 -24.3 
qr ..:8.24 -7.65 8.06 -8.75 -2.41 -25.3 
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The results of the study of the application of heuristics 

presented in this chapter have provided data on the effect of the 

number of process configurations possible for the separation of a 

multicomponent feedstock comprised of the simple hydrocarbons used. 

Feedstocks containing up to five components have been studied. For 

feedstocks comprised of these components, then the results obtained 

should assist in the selection of the optimal configuration for the 

range of feed compositions, degrees of recovery and the values of the 

process parameters used in the analysis. 

This study has also shown that the selection of the optimal 

configuration for a given separation can be explained in terms of the 

heuristics. However the study has not shown how to determine, under 

given process conditions, which heuristic will decide the optimal con­

figuration. 

The study will now consider the feasibility of the development 

of mathematical models .for the .Prediction of the optimal configuration 

as this would appear to be the only way in which differentiation will 

be obtained between the heuristics.· 
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CHAPTER 4. . MATHEMATICAL MODELS 

4.1 Introduction 

The review of the previous work has shown that the comparison 

of configQrations possible for a given separation has been made by two 

methods•-

(i) The design method which required the evaluation of an 

economic objective function obtained by the detail design and costing 

of all process items within the configuration. This method was used 

in this study. 

(ii) Analytical methods in which a mathematical model of the 

configuration is used to determine the-optimal configuration. The review 

has shown that only two such relationships or models of multicomponent 

distillation systems have been reported. These were the models of Rod 

and Marek (1951) and NishimQra et .al. (1971) • 

The feasibility of mathematically modelling a system of multi­

component distillation columns was investigated. The aim was to develop 

a model in the form of a mathematical relationship between a dependent 

variable which would be directly related to the total annual operating 

cost of the configuration and independent variables which would specify 

the given separation. Should it be possible. to develop such a model, 

then th~t model could be used in the study instead of the more tedious 

and time consuming method which. has been used so' far. 

This chapter will ~escribe the results of this investigation, 

4.2 Selection of the Objective Function for the Model 

-The total annual operating cost calculated by the design method 

of chapter 2 could not be analytically related to the variables specified 

in section 2.1 other than, possibly, by multivariab1eregression analysis. 

This possibility was·not considered because as discussed in chapter 1, 

the actual value of the total annual operating cost for a given separation 
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is dependent on the values of the various economic parameters used 

throughout the design and costing of each configuration. It was thought 
,,. 

to be more appropriate to use a parameter from within the configuration(s). 

This parameter would be required-to be directly related to the total 

annual operating cost and also to be related analytically to the required 

process variables specifying the separation. 

From the literature and confirmed by this study (see Appendix) 

the reboiler heat load can be taken as a direct indication of the 

total annual operating cost of a distillation unit, comprising column, 

condenser and reboiler. Also for feedstocks at or near their bubble point 

temperature, .. the reboiler heat load is approximately equal to the condenser 

heat load. 

Thus two process parameters, the reboiler and condenser heat 

loads, can be shown to be directly related to the total annual operating 

cost within the limits of accuracy required for the study. (The accuracy 

of this assumption will be discussed in chapter 7.) Either parameter 

can be used as the objective function. The choice of which parameter 
. 

is more suited to this study is decided by which parameter can be more 

readily related to the variables describing the given separation. 

The reboiler heat load of a distillation column is determined 

from an energy balance over the column; once the enthalpies of the feed 

and product streams and the condenser.heat load are known. The reboiler 

• heat load is then calculated from equation (4.1): 

= Dh +Bh +q-·-Fhf 
D B . c 

(4 ·1) 

The calculation of the reboiler heat load requires prior 

knowledge of the condenser heat load. Further, the condenser heat load 

is related to the following:-
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(i) overhead product flow rate 

(ii) operating reflux ratio 

(iii) enthalpy difference between the. saturated vapour. and 

liquid states of the overhead product per mole of overhead product, as 

follows:-

= V liH 

= D(R + 1) liH (4.2) 

where liH is the enthalpy.differencedescribed above. A total condenser 

has been used throughout the study. 

Thus for the development of the mathematical model, the 

assumption will be made that the cost of distillation-plant processing 

feedstocks at or near its bubble point temperature can be taken as 

directly proportional to the overhead condenser heat load. The soundness 

of this assumption will be discussed in the light of the conclusions made 

from.the study in chapter 7. 

The development of an analytical relationship between the 

overhead·condenser heat· load and the variables describing separation 
. -~ . 

will now be discussed. 

4.3 Selection of Process Variables 

'The process variables which must be considered for inclusion 

in such a xoodel are as follows,··-

(i) Feedstock variables comprising (a) the feed composition, 

(b) the feed component. relative volatilities and 

(c) the physical state of the feedst~ck, i.e., the 

degree of vaporisation. 

(ii) The product specification or degree of recovery of all 

product components. 

(iii) The configurations of the columns. 

(iv) The operating pressure for each distillation column. 

(v) The· value of the ratio of the operating reflux ratio 

to the minimum reflux ratio. 

-·····--------------------------'~~=~·=·····=· ··~· ·=··=--"· ==-"==--'--"-"----'-_;;;_;;"-"'" 
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Only the variables pnder heads. (i), (ii) and (iii) were 

considered. As discussed in Chapter.2, the values of the optimum reflux 

ratio and the operating pressure are influenced by the values of the 

economic parameters used in the design analysis. It had been decided 

that the effect of economic parameters which are.influenced by external 
• 

conditions should not be included in such a model. consequently a 

constant operating pressure and a constant ratio of the operating reflux 

ratio to the minimum reflux ratio, as used in chapter 2, was accepted 

for each column in. every configuration. 

The mathematical model was therefore required to relate the 

overhead condenser heat load to the following variables only:-

(i) Feed composition 

(ii) Feed component relative volatilities 

(iii) Product recovery specifications. 

.,. 
4.4 Development of Mathematical Models 

The basic aim in the d~velopment of .the model was to express 

the th~ee variables in equation 4.2, i.e. overhead product flow rate, 

the operating reflux ratio and the overhead product enthalpy difference 

in terms of the variables described above. 

Unfortunately this was not entirely feasible and the limitations 

in doing this will now be described. These limitations were in the 

determination of the following:-

(il.. the distribution of non-key components 

(ii) the relative volatility of components in the second 

and subsequent columns within a configuration 

(iii) ·the determination of the enthalpy difference between 

the saturated and liquid states of the overhead product. 
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4,4.1 Distribution of non-key components 

In order to determine the flowrate of the overhead product 

from a distillation column, it is necessary to know the composition 

of that product stream. In the case of a binary feedstock this calcu- . 

lation is simple. For multicomponent feedstocks, however, this is not 

the case, because of the possibility of the distribution of components 

other than the light and·heavy key components into both the overhead 

and bottoms product streams. Thus to determine th·:• · ·)n of an 

overhead product stream from a multicomponent coldmn, the distribution 

of all components other than the two key components must be ·known. 

This is of real concern in columns in which the key components are not 

adjacent components. In this case there may be one or two 'distributing' 

components between the two key components. In all cases the extent of 

the distribution of non-key components in the product streams is a 

function of the composition and relative volatility of the components. 

In certain instances the accurate evaluation of the distribution of 

components may not be essential. However in this work the key components 

are not necessarily at all times those components which are predominant 

in the feedstock because of the range of configurations being considered. 

COnsider for example, the separation of an equimolal four 

component feedstock comprising components A, B, C and D to be separated 

by configuration number 2 (refer Appendix A). In this configuration, 

the components B and C are the light and heavy keys respectively. There 

·-is no distributing key and components A and D are the two non-key 

components, These two non-key components are for this feed composition 

present in a considerable amount. They will considerably affect the 

composition of both products. The extent to which ·this will occur depends 

upon their concentrations in the feedstock and their relative volatilities. 
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Thus the consideration of the distribution of the non-key 

components is of vit;1l concern to this study. 

In this study, as relatively_pure products were specified, 

the separation was always made between adjacent components in the feed­

stock. The light and heavy keys were always adja~ent components. 

Consequently as there was not a component between the two key components, 

the existence of a 'distributing~·component between the two keys did 

not arise. However as all feedstocks ·contained three or more. components, 

the distribution of the non-key components had to be calculated so that 

the composition of both products could be found. 

In the preceding sections of this study, the distribution of 

non-key components in the overhead product streams. was calculated at 

total reflux conditions. The question of the ~etermination of the 

distribution of.non-key components at conditions other than total reflux 

or minimum reflux conditions has not been adequately resolved since the 

original work of Geddes (1958), Hengstebeck (1961) and recently King (1971). 

It has been shown in this latter study however, that for columns 

operating with reflux ratios of the order considered in· this study, the 

determination of the distribution of non-key components at total reflux 

conditions is sufficiently accurate. In·au preceding calculations, 

distribution of non-key components has been made at total reflux 

conditions. 

However in a mathematical model it is not feasible to have prior 

knowledge of the extent of the distribution of non-key components. This 

is particularly so for columns other than the first column in a con­

figuration. As in the methods discussed above, the calculation of both 

product compositions from a column requires the knowledge of the relative 

volatility of the components in the column. This· is obtained from a 

knowledge of the temperatures over the coiumn, that is, the dew point 

,,. 
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and bubble point temperatures of the overhead and bottoms. product. 

• respectively. It also requires a knowledge of the feed stream to the 

column and the degree of recovery of the key components. This means, for 

example,. that in the direct sequence for the separation of a three 

component feedstock, the flowrate and composition of the bottoms product 

from the first column is required. Obviously prior knowledge of these 

values is not feasible in a model. 

For the model, it can only be feasible to assume that non-key 

r components do not distribute, i.e. all heavy non-key components will 

only be present in bottoms product streams and all light non-key components 

will appear in the overhead product streams. This procedure has been 

used in the subsequent development of the modeL 

As an example, consider the separation shown in figure 4.1 • 
. 

Here a three component feedstock is being separated by the direct sequence 

with product recovery specifications on each component of 95%. Note 

that the recovery specification for component B in the first column is 

95~%. 

In Figure 4 .·1 (a) , the product compositions are based on the 

non-key.components distributing and calculated at total reflux conditions. 

In Figure 4.l(b), the product compositions are calculated on the basis 

of the non-distribution of non-keys.· That is, all of component C will 

appear in the bottoms product from column 1. Molar flow rates and mole 

fractions of components_are given· in Figure 4.1. The effect of the 

non-distribution of non-keys can be readily noted. 

4.4.2 Relative volatility of components 

The design methods used throughout this thesis for the 

determination of the total reflux and minimum reflux conditions have 

been the Fenske and Underwood's methods respectively. The reasons for 
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this policy have been discussed in chapter 2. Both of these methods 

assume constant relative volatility of all components over the entire 

column. 

It was resolved in chapter 2 that the correct interpretation 

and the policy to be adopted throughout this work would be the relative 

volatility"of each component to be calculated as the geometric mean of 

.the relative volatility at the dew point temperature of the overhead 

product and the bubble point temperature of the bottoms.product. 

However, difficulties can be experienced in applying this 

interpretation of·component relative volatility to the mathematical· 

model. This is again because in a simulation of a distillation configu­

ration, the temperatures within the .configuration are not known initially. 

For a three component distillation being carried out by the direct 

sequence, the temperature of the bottoms product from the first column 

is not known. The only conditions at which the relative volatilities 

can be determined in a model are (i) at the feed temperature to the 

configuration and (ii) at an average value of the relative volatilities 

of the lightest and heaviest components determined ~t the pure component 

boiling points. This policy was proposed principally because it would 

eliminate the· need to determine product compositions, particularly the 

·product compositions of the interconnecting stream within a configuration. 

The only error introduced could be the difference between the values of 

relative volatilities at· either the dew or bubble point temperature and 

the values at the pure component boiling points. This aspect has been 

considered and the errors introduced are quite insignificant and will 

remain so while high purity products are being·specified. 

In the simulation which.follows., the two volatility conditions 

mentioned above were considered and results compared with those obtained 
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by the use of the interpretat~onof relative volatility accepted 

for'this study. 

4.4.3. Enthalpy Difference between Saturated Vapour and 

Liquid State of overhead Product 

The evaluation of this parameter requires knowledge of the 

following:'-

(i) the correct composition of the overhead stream, and 

(ii) the vapour and liquid enthalpies as a function of 

temperature and the dew point and bubble point temperature .of the 

overhead product. 

Obviously the determination of the overhead stream enthalpies 

cannot be determined within a model. The only possibility would be to 

assume average values to include this value as a separate parameter. 

Table 4.1 summarises the differences in the design method 

and the mathematical model. 

Thus the preceding discussion·would suggest that the results 

of any mathematical model of a sequence of multicomponent distillation 

columns can never reproduce the corresponding results obtained from the 

design method of the type used in the initial phase of the work. The 

use of a mathematical model to select the ·optimal configuration for a 

given separation can only be feasible if the differences which must 

occur between the model's results and the corresponding results obtained 

from the design analysis .can be correlated. 

4.5 Models Developed 

Accepting the limitations imposed by the preceding discussion, 

it was proposed to develop a mathematical relationship between the 

overhead vapour rate and the following variables:~ 
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TABLE 4.1 

Distribution of 
non-key components 

Relative 
volatilities 

Condenser heat 
load/mole of 
overhead product 

87. 

Summary of Differences in Design 
Method and Mathematical Model. 

Design Method Mathematical Model 

Calculated at total Calculated on the basis 

reflux conditions that non-key components 

for each column 

Calculated for each 

column as the geo­

metric mean of the 

volatilities at the 

dew point temperature 

.of the overhead 

product and the 

bubble point 

temperature of the 

bottoms product 

Calculated from the 

actual product 

composition, liquid 

and vapour enthalpy · 

correlations 

do not distribute 

Calculated on two bases: 

(i) at the bubble point 

temperature of the 

feed to the first 

column in the 

configuration 

(ii) as the geometric 

mean at the boiling 

points of the 

lightest and 

heaviest component 

of the feedstock 

Calculated only· as a 

constant average figure. 

(i) ··feed composition 

(ii) feed component relative volatilities 

(iii) specified degree of recovery of each component. 

Once the models have been developed, an analysis will be made 

of the differences between the model's results and the results obtained 

using the design method for the same feedstocks. 
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Models were developed for ·two cases:-

(I) the comparison of the two configurations possible 

for the separation of a three component feedstpck 

into three components. 

(II) the comparison of the five configurations possible 

for the separation of ·a four component feedstock 

into four components •. 

For the development of the models for cases (I) and (II) the 

objective function was developed in terms of the difference between 

the sum of the overhead vapour ·flowrates of each configuration; For 

case (I) the objective function was developed as the difference of 

vapour flowrates for the two configurations per mole of feedstock to 

the configurations,· i.e • 

r:.v 
F 

= 
(4. 3) 

In case (II), this objective function could only be developed 

between. any two of the possible five configurations, i.e. 

r:.v 
F 

= 

For three component feedstocks, the expression developed is 

given by equation (4.5). The derivation of this expression has been 

included in the Appendix. 

r:.v 
F 

where c
1 

c2 

= 

= 

= 

1.25[ XAF (Ci- dl + RFA (Cl- di - c1 + 0.2) 

+ XBF (C2 - 0.2 + RFB {c2
1 

+ d2
1 

- 0.1} 

~ . 1 
+ RFB {0.6 - d2 - c2 - d2 }) 

+ XcF( 1- RFc) .<c/- d3) ] •••• (4.5) 

[ et AB 

~J lD et AB -

[ 1 ~ 
~1 ] lD 
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cl [a AC 

$J 
= 1 

a AC - 20 

cl [ a BC 

$J 

= 2 aBC- 20 

cl [ 1 

lo = 3 1 2ft 

dl [ a AC ]li = 
aAC - $ 3 

[aB~ 
BC 

Jli 
• 

d = 2 
- $ 3 

d3 [ 1 ]li = 
1 $3 

dl [ a AB 

]2i 

= 
1 a AB - $4 

dl l 1 

li ·.· 
= ,,. 

2 
1 - $ 4 

The model includes only those terms specified and does not 

include any variables which are not known as input data for the separation. 

Unfortunately the expression includes the Underwood parameter $. It will 

be seen that four values of this parameter are required, one for each 

column in the two configurations being compared. Considerable effort 

was made to delete the Underwood parameters from the model but this was 

not possible •. 

For a four component feedstock, an expression can be derived, 

relating the process variables to an objective function. In this case, 

the objective function was the percentage difference in the total vapour 

flows of each configuration.for two of the five possible configurations. 

It is only possible to compare one. of the four other possible configurations 
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at one time with, say, the direct configuration. As for the three 

component· model, prior determined values of the Underwood parameter 

are required. In this case, six values are require?, one for each 

column in the two configurations. 

However the complexity of the derived expression, together 

with the requirement of the values of the Underwood parameter, makes the 

model of little practical use. 

The model derived for the three component feedstocks given 

by equation 4.5 was confirmed using data obtained by the design method. 
' 

The values of the objective function obtained by the model are in fact 

identical with the corresponding values obtained by the design method. 

However in obtaining the model's ·values for a given separation, four 

values of the Underwood's parameter, one for eaqh column, are required. 

These values cannot be obtained through the model and the values used 

in the model were the four values obtained by the design method for the 

given separation. 

In the derivations of the models, the degree of recovery of 

the key components in each column was specified, as discussed in chapter 

2, on the basis of the amount of the component recovered in the product 

stream as a percentage of the component in the feedstock. However for 

the separation of a three component feedstock say A, B and C in which 

component A is being recovered in the overhead product from column one, 

components A and Bare the light and heavy keys respectively.· The question 

arises as to what degree of recovery is to be specified for the heavy key 

in the bottoms product from column one. As tlie degree of recovery is 

based on the amount of component B rec.overed in one product, in this 

case, as the overhead product from column two, then obviously a greater 

recovery must be specified for component B in the bottoms product from 
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column one. For example, for a 95% recovery of component B, the 

recovery fraction of B in the first column must be greater. In fact 

the value of the recovery of B can vary between two limits, say, from 

95.5% to 99.0%. 
. ~ 

Throughout this study·the value of (95%) has been 

used for the recovery fraction. This ·has b.een applied to all separations 

unless a component to be recovered in a subsequent column as the 

.principal product is a key in a previous column in the configuration. 

'I'he possibility that a range of +ecoveries for the component B 

exists in the first column, as discussed above, suggests that an optimal 

recovery rate could exist for each column. A low recovery specification 

for component B, being the heavy key in column one, would require a high 

recovery specification for component B in the second column. The degree 

of recovery overall would still be based on the amount of component B 

recovered in the overhead product of column two relative to the amount 

of component B in the feedstock. Provided this overall degree of 

recovery was obtained, use could be made of the range of recoveries 

possible within the two columns for a three component separation so as 

to find the economic optimum recovery rate for each c~lumn. 

In this study however, it. has been assumed that the split is 

equally shared. For a recovery rate of 95% of component B in column 

two the recovery rate for component Bin column one is (95%)~ or 97•.46%. 

4.6 Limitations of the Models 

It has been shown that on the basis of certain assumptions, 

which have been discussed previously, it is possible to relate an 

objective function in terms of feed composition, component relative 

volatility and the degree of recovery, For three component feedstocks, 

the equation developed has been presented. As stated, its use is limited 

by the presence of four values of the Underwood parameter which must be 
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' known. If this were not the case, then it is conceivable that a more 

useful relationship could be developed. For reasons already discussed, 

the use of the Underwood's method for the determination of the minimum 

reflux ratio was considered essential. 

If the required values of the Underwood parameter for each 

column in the configuration could be supplied to the model, the results 

obtained from the model would be expected to be different from the design 

.method results because of the assumptions and the limitations in the. 

model. 

To investigate this aspect, the range of three component feed-

• stocks considered in chapter 3 was used. In this instance, for each of 

these feedstocks, the comparison of the two possible configurations was 

made in terms of the overhead condenser heat load. The results obtained 

are those which a model would be required to provide if the model were 

satisfactory for .use in the determination of the optimal configuration 

for a given separation. For the same three component feedstocks, the 

comparison of the two possible configurations was made, but incorporating 

in the evaluation the assumptions made in the development of the model. 

These were:-

(i) non-distribution of non-key components. 

(ii) relative volatilities calculated at the following 

conditions: 

(a) at the feed temperature· to the configuration 

and (b) as the. geometric mean of the relative volatilities 

at the boiling points of the pure components 

A and c •. 

These calculations were made by the programme 'Optconf' described in 

chapter 6. 

The results obtained are given in Table 4.2. The feedstocks 

used for the analysis. are. those described in Tables 2.5 and 2.6 in 
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TABLE 4.2 Comparison of Model's Results with 
Design Method's Results • 

• 
~ 

. TYPE'A' FEEDS TYPE 'B' FEEDS s:: • 
'tl ~~ Actual Simulation Actual Simulation Ill o· 
Ill (.). Cost Cost 
'"' Case I Case :J:I. Case I Case II 

1 1 . -1.8 9;25 -:0.9 3.66 1.67. -1.21 -
2 3.85 13.8 -2.7 7.61 5.51 -0.92 

3 9.01 13;55 -5.9 11.26 9.61 -0.47 

4 6.6 2.1 -15.1. 14.68 13.31 0.54 

6 2.39 7.52 2.00 2.68 3.166 -4.16 

2 1 1.63 8·.65 -0.5 3.27 -0.02 -2.36 

2 3.83 10.17 -4.49 9.31 5.12 -2.02 

3 2.32 3.5 -10.85 14.99 11.86 -1.49 

4 -11.93 -14.52 -27.16 19.54 20.31 -0.039 

6 8.39 10.76 5.53 1.81 -6.8 -6.0 

3 1 -11.66 14.38 -2.61 -2.56 -3.37 -5.76 

2 -1.54 16.3 -6,9 1.05 1.27 -4.76 

3 6.23 8.11 -14.7 5.09 6.74 -2.93 

4 -1.92 -19.46 -33.3 . 10.08 13.36 1.82 

6 -3.98 i3.79 2.21 . -8.37 -12.55 -12.6 

4 1 -0.6 4.24 -1.36 -6.65 -7.96 -8.91 

2 -4.39 -0.73 -9.05 -2.62 -3.79 -7.82 

3 -13.42 -12.98 -21.52 1.91 1.72 -5.85 

4 -34.69 -37.24 -:42.5 8.14 9.68 -0.8 

6 10.47 13.48 9.51 -14.9 -16.2 -2.1 

5 1 -15.57 8.61 -2.65 -8.24 

2 -10.09 7.81 -8.38 -7.65 

3 -5.73 -1.98 -18.2 -8.06 

4 -16.87 -29.2 -39.0 -8.75 

6 -8.42 11.54 3.65 -25.3 
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chapter2. The column headed 'Actual cost.' is the value of the 

percentage difference in the condenser heat loads of the direct and 

indirect configurations calculated by the design method. These figures 

would be the figures which the model would be required to give if the 

model was to be feasible. The two headings· 'Case I' and 'Case II' are 

the results obtained from the model using the two interpretations of 

the relative volatility. Case I is based on the relative volatilities 

calculated at the feed temperature to the first column and Case II is based 

on the relative volatilities calculated as the geometric mean at the 

boiling points of the p~re components. Both Cases I and II assume 

non-distribution of non-key components. 

It will be noted that large discrepancies exist in these 

results to the· extent which would make the proposed model not feasible. 

This, together with the necessary prior knowledge of the Underwood 

parameters, would certainly make this. mathematical model of.no use in 

the prediction of optimal configurations. 

No consideration was given to the development of another model 

as it was felt that the same problems would be met. 
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CHAPTER 5. PSEUDO-COMPONENT ANALYSIS 
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CHAPTER 5. USE OF PSEUDO-COMPONENTS 

5.1 Introduction. 

Results obtained in chapter 4 have shown that it is not 

feasible to develop a suitable mathematical model or relationship 

for use in the prediction of optimal configUrations. Consequently. 

the only source of data upon which any design guidelines can be based 

is data generated by a design method of the type used throughout this 

study. 

The study has shown that the.use of heuristics as a design 

tool is limited until clarification is made of the conditions under which 

each heuristic would decide the selection of the optimal configuration. 

The results given in chapter 3 have indicated that three of 

the heuristics have been dominant in the select~on of optimal configu-

rations. These heuristics are:-

(i) the removal of components in decreasing order of 

volatility 

(ii) the early separation of a predominant component and 

(iii) the separation of difficult ·separations late in the 

sequence. 

However the results have shown that conflicts do exist under 

certain circumstances between the heuristics for the feedstocks used in 

this study. For these heuristics to be of use in design, it is essential 

to show under what conditions each heuristic will dictate the selection 

of the optimal configuration. 

Consequently it was decided that the only way in which the 

conflicts could be resolved would be by the generation of a considerable 

volume of data illustrating the variation in configuration cost differ­

entials for the case in which the relative volatility and feed 
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compositions for three component feedstocks are varied by predetermined_ 

small amounts. Thus an approximat~on could be made to a mathematical 

relationship between the relative volatilities and the composition of 

a thre~ component feedstock if a sufficiently large amount of data were 

generated. The graphical representation. of this data could well be the 
' 

only way_in which the conflicting influences could be illustrated. 

In all previous studies, including this study so far, actual 

compounds have been used in formulating feedstocks. The absolute value 

of the relative volatility between adjacent components has not been 

specified in the selection of these compounds. Rather the component 

has been selected on the basis of providing a relative volatility between 

adjacent components which was at least higher or lower than between 

another pair of adjacent.components in the feedstock. The values of the 

·relative volatility obtained were not necessarily simple rational 

numbers. It was felt that the components compris~g the feedstocks could 

have physical properties which would provide such numbers. More 

importantly, if predetermined values of the relative volatility could 

be obtained, then perhaps a way may be provided for studying the inter-

action between the conflicting heuristics. 

This chapter will describe the use of the concept of hypo-

thetical or pseudo-components by the use of which feedstocks can be 

formulated having predetermined values of relative volatilities. It is 

claimed that this approach is unique and no previous work incorporating 

this concept has b-een reported in- the literature. 

5.2 Generation of Pseudo-Components· 

It is not ·possible to select actual compounds as components 

which would provide feedstocks having the desired relative volatility. 

On the other hand, by the use of pseudo-components it should be possible 
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to formulate feedstocks in which the relative volatilities'between the 

two pairs of components in a three component feedstock have the following 

predetermined values, say, 1,05, 1.1, 1.25, ••••••• 2.0, 2.~. 

To do this, components would have to be generated "u•:; i. • ., ' 

values would give the required relative·volatilities. A set of alkanes 

given in Table 5.1 was selected as the ., grid' f,;om which the pseudo-

_components could be generated. 

TABLE 5.1 Range of Alkanes used in 
generating Pseudo-Components. 

Propane 

iso-Butane 

n-Butane 

iso-Pentane 

n-Pentane 

n-Hexane 

n-Heptane 

The grid was formed in the computer programme 'Pslids' by 

calculating and storing the 'K' values of the reference compounds as 

a function of temperature· over the required temperature range. The 'K' 

data used was that previously used in the study, that is, NGPA K values 

for an operating pressure· of 100 psi and·a convergence pressure of 

2000 psi. 

The reasons for the selection of these compounds have been 

given previously but in addition to those reasons is the fact that a 
recent study by Rudd and Tedder (1976) had used these compounds. As 

this study would be comparing their results, the same. feedstocks were 

used. 

The least volatile component, n-Heptane, was selected as the 

base component or in the case of a three component feedstock, this 
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compound would be the component 'C'. If a pseudo-component to be 

component B was required to have a relative volatil£ty of, say, 1.25 

then the 'K' value of this component would be the value of 1.25 multiplied 

by the ··K' value of n-Heptane at a given temperature reference point. 

As in all previous work in this thesis, all feedstocks were taken to be 

at the bubble point temperature for the column pressure. Hence for the 

generation of the pseudo-compo~ents, the reference temperature was the 

bubble point temperature for the given feed composition. 

The bubble point temperature is the temperature at which the 

following expression is valid:- = 1.0 

or in terms of.the relative volatility between components A and Band 
•• 

between B and c, then this expression can be rewritten as:-

= 1 
K 
.c 

If 
2 3 

K = a + bT + eT + dT . c 
is substituted in the expression, then the 

value of T which makes the expression valid is the bubble point tempera-

ture. The solution was found using the Newton-Raphson Iteration method. 

If the value of the 'K' value calculated for the pseudo-

component was less than the 'K' value of the next lightest compound, 

·Hexane, at the bubble point temperature, then the 'K' values for the 

pseudo-component would lie between the 'K' values for n-Heptane and 

n-Hexane. The following ratio: R = 
K - K se R 

KR-1- ~ 
where K , KR sr 

KR-l are the 'K' values of the pseudo-component, reference compound and 

next lightest reference compound respectively, was then calculated. 

Using this ratio, the 'K' values of the pseudo-component were calculated 

by generating values in the same proportion between the two reference 

components over the specified temperature range. The procedure is 

· illustrated in Figure 5.1. 
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The 'K' values obtained were then fitted by the regression 

analysis subroutine in 'Pslids' and the coefficients used subsequently 
' 

in the Programme. 

If the required relative volatility value gave a 'K' value 

for the pseudo-component greater than the 'K' value of n-Hexane then 

the 'K' values for the pseudo-component would lie between the next 

pair of compounds, that is, n-Hexane and iso~Pentane. The same procedure 

would then be followed to generate the required 'K' values. 

The same procedure was followed in generating component A 

in which the reference 'K' value for this component would be calculated 

by multiplying the required relative volatility by the 'K' value of 
• 

component B at the reference temperature point. This procedure was used 

to generate two pseudo-components which together with n-Heptane formed 

a three component feedstock. 

In this study it will be noticed that both relative volatilities 

are not relative to the one component, say, component c. Instead 

relative volatilities are expre_ssed as the relative volatility of 

component A to component B and the relative volatility of component B 

to component c. 

The liquid and vapour enthalpies for the pseudo-components 

were generated in the same manner. The enthalpies were generated within 

a reference grid comprised of the enthalpies of the reference compounds. 

The same ratio which was used in the derivation of the 'K' 

values was applied to the two adjacent component enthalpy curves to 

calculate" the required enthalpy for the pseudo-component. The values 

obtained were then fitted by the regression ~nalysis programme. 

The generation_of the 'K' value and enthalpy coefficients was 

made by the programme. 'Pslids' which will be briefly described in 

section 5.3. 
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5.3 Computational Procedure 

It was proposed to consider a very wide range of three 

component feedstocks. For each feed composition, the range of component 

relative volatilities used was as follows: 

The relative volatilities of 'A' to 'B' and 'B' to •c• were each 

set initially at a lower limit of 1.1. The relative volatility 

of 'A' to 'B' was increased while holding the relative volatility 

of 'B' to •c• constant. The range of values used for the relative 

volatility of 'A' to 'B' were as given in Table 5.2. 

TABLE 5.2 

l.l 

1.2 

1.3 

1.4 

1.5 

1.75 

2.0 

2.5 

3.0 

3.5 

4.0 

4.5 

5.0 

Range of Relative 
Vo!atilities Used. 

That is, thirteen values of the relative volatility of 'A' to 'B' were 

used. For each set of relative volatility values, the programme 'Pslids' 

calculated the percentage cost difference.between the two configurations. 

When the thirteen values had been considered, the value of the relative 

volatility of 'B' to •c• was increased· to the next value, that is 1.2 

and again the thirteen values of the relative volatility of 'A' to 'B' 

were used. This procedure provided 13 x 13 = 169 feedstocks.· 
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However, for each feedstock, ten feed compositions were used. 

The values of the feed compositions used.are given in Table 5.3. In the 

recent study of Rudd and Tedder (1976), seven.of these feed compositions 

had been used. These authors did not. consider the feed compositions, 

numbers 4, 5 and 6 in Table 5.3. 

TABLE 5.3 Feed Compositions Used. 

Feed No •. 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

Feed 

A 

0.333 

o.8 

0.1 

0.1 

0.6 

0.2 

0.2 

0.45 

0.45 

0.1 

Composition. (Mole fraction) 

Component 
B c 

0.333 0.334 

0.1 0.1 

o.8 0.1 

0.1 0.8 

0.2 0.2 

0.6 0.2 

0.2 0.6 

0.45 0.1 

0.1 0.45 

0.45 0.45 

This investigation was able to consider 1690 feedstocks. 

It should be noted before comparing the results obtained 

from this study with results relevant from the study of Rudd and Tedder, 

·that these authors considered only seven feedstocks. The feedstocks 

used by these authors together with values of both indices, that is 

Heaven's and Rudd and Tedder's are given in Table 5.4. 

The computer programme 'Pslids', discussed in chapter 7 then 

provided.the following data for each feedstock:-

(A) For each coi..ilmn in the .direct and indirect configurations 

(i) product·compositions - based on the distribution of 

non-key components at total reflux conditions. 
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TABLE 5.4 Feedstocks used by Rudd & Tedder. 

Feed 
Number 

Components KA/KC HI ESI 

1 

2 

3 

4 

5 

6. 

n-pentane, n-hexane, n-heptane 6.35 0.27 1.04 

n-butane, i-pentane, n-pentane 3.04 0.14 1.86 

- i-butane, n-butane, n-hexane 10.22 o. 71 0.18 

i-pentane, n-pentane, n-hexane 3.32 0.71 0.47 

i-butane, n-butane, i-pentane 3.26 0.60 0.59 

propane, i-butane, n-butane 3.30 0.17 1.72 

(ii) ·minimum and operating reflux ratio. 

(iii) overhead vapour flow rate 

(iv) heat balance providing the heat loads for the overhead 

condenser and reboiler •. The enthalpy ox the feed to the 

second column in both configurations was taken as the 

enthalpy of the relevant product stream from the first 

column. 

(v) the thermodynamic net work function. 

(B) For the comparis.on of the ·two po.ssible configurations for, three 

component feedstocks the programme provided the following as percentage 

differences: 

(i) reboiler heat load 

(ii) condenser heat load· 

(iii) overhead vapour flow rate 

(iv) thermodynamic net work consumption. 

As previously, several runs were made incorporating the full design and 

costing programmes and the results obtained confirmed the reboiler heat 

load and the total operating cost provided identical percentage figures. 

Thus the reboiler heat load was used as· the objective function throughout 

this phase of the study. 
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The results obtained from this analysis indicated that. there 

• were regions on the ternary composition diagram in which more data was 

required. Ten additional feed compositions are given in Table 5.5. 

TABLE 5.5 Additional Three Component Feedstocks. 

,. 

Feed Feed Com.12osition (Mole fraction) 

No •. Component 
A B c 

11 0,7 0.15 0.15 

12 0.5 0,25 0.25 

13 0.3 0.2 0.5 

14 0.1 0.1 0.6 

15 0,2 0,5 0.3 

16 0.2 0.3 0.5 

17 0.2 .0.1 0.7 

18 0.1 0.6 0.3 

19 0.1 0.3 0.6 

2.0 0.1 0.2 0.7 

21 0.4 0,2 0.4 

22 0.55 0.1 0.35 

By this computational method it was possible to generate over 

4000 datapoints by the use of which.clarification of the conflict between 

the heuristics should be. obtained. 
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CHAPTER 6. . RESULTS OF PSEUDO-COMPONENT ANALYSIS 
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CHAPTER 6. RESULTS OF PSEUDO-COMPONENT ANALYSIS 

6.1 Introduction 

In Chapter 5, the use of the concept of pseudo-components 

as an alternative to the use of a mathematical relationship between 

the cost of··separation and feed composition, component volatility 

and degree· of recovery was discussed. The results of the analysis 

using the concept of.pseudo-components and described in that chapter 

will now be given. 

6.2 Presentation of Results 

The results obtained are presented in the following manner. 

For each feed composition, the calculated percentage difference between 

the two configurations for each pair of relative volatilities was 

·plotted. The relative volatilites for each pair were in the range of 

1.1 to 5.0. When all values of the percentage difference for each feed 

composition had been plotted, contour lines representing constant 

percentage differences between configurations were then drawn for 

values.of the percentage difference of, say, -5,0,5,10% ••••• The graphs 

obtained are given in Figures 6.1 to 6.22. The original graphs were 

plotted on graph paper 45 erns by 45 erns·. so that accuracy could be 

obtained in the generation of the contours. Each graph is given in 

reduced form so that the graphs can be included in the text. 

In figure 6.23 the results for the twenty-two feed compositions 

have been plotted on triangular co-ordinates showing (a) compositions 

for which only the direct configuration is optimal, and (b) compositions 

for which both configurations can be optimal. In the composition region 

indicated by the open circles, the direct configuration is always optimal. 

In the composition region indicated by the fuli circles, both the direct 

and indirect configuration can be optimal depending upon the values of 

the relative volatilities of the feedstock. 
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It is noted that the indirect configuration can be optimal 

in the region below the line through the composition points (0.1,0.8,0.1) 

and (0.45,0.1,0.45) as indicated by the broken line in Figure 6.23. Rod 

and Marek's results indicated that the indirect configuration was not 

optimal below this line. The results of this thesis have shown that 

at the po:i,nt (0.45,0.1,0.45) (refer Figure 6.9) the, indirect configuration 

can be optimal depending upon the.values of. the relative volatilities 

of the feedstock. The two feedstocks given by feed numbers 21 and 22 

also show that the indirect configuration can be optimal in the region 

below this line. 

In Figure 6.24, contours of zero percentage difference between 

configurations are drawn for those feed compositions in which either the 

. direct or indirect configuration can be optimal. The region in which 

the indirect configuration is optimal is below the contour of zero 

. percentage difference in all cases except for contours representing the 

feed compositions (0.3,0.2,0.5), (0.45,0.1,0.45), (0.3,0.1,0.6) and 

(0.2,0.1,0.7) in which case the indirect configuration is optimal in 

the region to the left of the zero. percentage difference contour. 

The Figures 6.1 to 6.22 together .with 6.23 or 6.24 provide 

a new method by which the selection of the optimal configuration for 

three component feedstocks can be predicted. The method is applicable 

to feedstocks having relative volatilities between the two pair of 

components in the range of 1.1 to 5.0. The method requires reading 

of two charts:- firstly reference to Figure 6.23 or 6.24 shows, for. 

the given feed composition .and component volatilities, whether the 

direct or indirect configuration will be optimal. Secondly, the size 

of the percentage difference between the two configurations and hence 

the benefit to be realised by the· selection of the optimal configuration 
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,· 
can be obtained from the figure _within the series of graphs 6.1 to 

6.2t, corresponding to the given feed composition. 

The charts provide the required illustration of the interaction 

of the influence of relative volatility and feed composition. That is, 

they provide quantitative data of the values of the concentration of a 

component and the relative volatility of a difficult separation at which 

either will decide the optimal configuration. Consequently they resolve 

the conflict in the choice of the heuristics when one component of a 

difficult pair of components is the dominant component in the feedstock. 

Further observations which can be made from the figures are:-

(i) Equimolar feedstocks always gave the direct configuration 

as the optimal configuration. The trends of the values of the percentage 

difference when plotted, did however indicate that at very low values 

of relative volatility, that is, below 1.1, the difference between 

configurations was negligible. They also indicate that the contour of 

zero percentage difference might occur in this region. In fact, values 

indicated that in these regions the indirect configuration could be 

slightly optimal. 

(ii) For a feed containing 0.8 mole fraction of the lightest 

component, the early removal of·this component was confirmed. 

In no instance was the indirect configuration optimal. The 

lowering of the value of relative volatility between either pairs of 

components lowered. the percentage difference between configurations but 

not sufficiently to make the indirect configuration optimal. Figure 6.25 
. ~· 

has been included to show the effect of varying the amounts of the 

lightest component in a feedstock in which the relative volatilities 

between each pair of components are equal, thus neglecting the effect 

of component volatility. Components B and C were present in equal amounts 

in these feedstocks. 
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In the case of the heaviest component being the predominant 

compOnent in the feedstock, it is noted that its early removal is only 

valid when the relative volatility between the two lightest components 

is below'a particular value. ·For example, Figure 6.4 shows that for a 

feed composition in which the heaviest component has a mole fraction 

of 0.8, then the relative volatility between Component B and c does not 

influence the selection of the optimal configuration. However in 

Figure 6.7 in which the mole fraction of .component C is 0.6 both relative 

volatilities influence the selection of the optimal configuration. 

6.3 Use of Indices for the Prediction of Optimal Configurations 

Two indices have been proposed in the literature for the 

prediction of the optimal configuration for three component feedstocks. 

Both indices are expressed only·in terms of the two relative volatilities, 

that is between components A and B and between B and c.· 

Rudd and Tedder's index, as discussed in Chapter 1, gave a 

measure of the relative difficulty of the two separations, that is, 

between A and B·and between Band C. A value less than 1.0 indicates that ,, 
the separation between A and B is more difficult and a value greater 

than 1.0 indicates that the separation between B and C is more difficult. 

As discussed previously, the index does not consider tqe actual value 

of the relative volatility. This aspect was investigated in this thesis 

by considering a range of three component feedstocks each having equal 

volatilities between A and B and between B and C of the following values:-

1.1,1.35,1.5,1.75,2.0,2.5,3.0,3.5,4.0,4.5,5.0. The percentage difference 

between the two configurations calculated for each feed is given in 

Figure 6.26... From this figure it will be noted that the percentage 

difference between the two configurations increases as the value of the 
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relative volatility increases. The contours of zero percentage 

difference for a number of values of the relative volatility used 

are plotted on triangular co-ordinates ·in Figure 6.27. 

Figure 6.27 shows that for feedstocks having equal relative 

volatilities between each pair of components or an E.S.I of 1.0, then 

as the value of the relativevolatility between each pair of components 

increases, the region in which the direct configuration is optimal 

increases. For example, for feedstocks having equal relative vola­

tilities of 3.0, the indirect configurati.on is optimal only for feed 

numbers 4 and 17. These results would therefore confirm the inadequacy 

of indices of the type proposed by Rudd and Tedder. 

The value of Heaven's index obtained for the feedstocks 

used by Rudd and Tedder have been included in. Table 6.2. As this index 

too is based only upon relative volatility terms, it is claimed that 

this· index has limitations similar to the index proposed by Rudd and 

Tedder. 

The development of an index was· considered in this thesis. 

A large number of indices were proposed containing the. two relative 

volatility values together with at least two composition values for a 

three component feedstock. Despite the large number of combinations 

considered, it was not possible to develop an index which could predict 

the regions on a triangular composition diagram in which either 

configuration would be optimal. 

6.4 Effect of Component.Degree of Recovery 

The effect of component degree of recovery was also considered. 

in this study of pseudo-components. This was done by considering a range 

of values of the degree of recovery of 90, 92.5, 95, 97.5 and 99% for 

all components. The equimolal feedstock was used and the percentage 
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difference in the configurations calculated. for the range of relative 

volatilities of 1.1 to 5.0. 

The results obtained were in accordance with the previous 

conclusions reached in Chapter 3. The higher the component degree of 

recovery, the higher the cost of the separation. The percentage 

difference between configurations did not increase proportionately with 

the increase in the degree of recovery: However, the shape of the zero 

percentage· difference contours was identical to the results given in 

Figure 6.1 which were based on a 95% degree of recovery of all components. 

6.5 comparison of Results 

Before comparing the results of Rudd and Tedder and the results 

of this thesis, the effect of different data used in each study was 

considered. It was only possible to consider· the effect of different 

'K' value data. The corresponding values of the E.S.I, Heaven's Index 

and KAfKc using the 'K' data used in this thesis are given in Table 6.1.· 

The agreement between both sets of results for the values of E.S.I and 

H.I are considered satisfactory. 

TABLE 6.1 

Feed Components 
No. 

1 nC5,nC6,nC7 

2 nC4,iC5,nC5 

3 iC4,nC4,nC6 

4 iC5,nC5,nC6 

5 iC4,nC4,iC5 

6 C3,iC4,nC4 

Values of Indices for Feedstocks· 
used by Rudd and Tedder. 

KA/KC H.I. •. E.S.I 

Tedder Henry .Tedder Henry Tedder Henry 

6.35 3.56 0.27 0.33 1.04 1.02 

3.04 2.34 0.14 0.12 1.86 1.71 

10.22 7.92 0.71 0.73 0.18' 0.22 

3.32 2.78 0.71 0.8 0.47 0.55 

3.26 2.78 0.6 0.62 0.59 0.63 

3.3 3.01 0.17 . 0.18 1.72 1.59 
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TABLE 6.2 Percentage Difference in Configurations for 
Feedstocks used by Rudd and Tedder calculated 

by this study. 

Feed Compn. 
ESI HI ctAB ctBC 

Percentage 
No.· No. Difference 

1 1 1.0156 0.341 1.09 1.87 -13.6 
2 1.0284 0.323 2.04 1.99 -46.8 
3 1.0133 0.345 1.87 1.85 - 4.5 

.. 4 1.0053 0.359 1. 77 1.76 + 9.9 
8 1.0206 0.33 1.96 1.92 -31.4 
9 1.0168 0.34 1.92 1.88 - 8.79 

10 1.0094 0.35 1.83 1.81 - 0.12 

2· 1 l. 712 0.126 2.0 1.17 - 4.68 
2 l. 734 0.135 2.09 1.21 -27.2 
3 1.698 0.122 1.96 1.15 - 3.98 
4 1.69 0.12 1.94 1.15 5.07 
8 1.72 0.129 2.03 1.18 -14.3 
9 1.72 0.128 2.02 1.18 4.9 

10 1.69 0.121 1.95 1.15 0.24 

3 1 0.217 0.73 1.31- 6.05 - 4.33 
2 0.184 0.72 1.34 7.29 -15.76 
3 0.204 0.72 1.32 6.48 - 0.64 
4 0.29 0.75 1.25 4.31 7.88 
8 0.194 0. 72 1.33 6.88 - 9.06 
9 0.224 0.73 1.305 5.82 - 6.1 

10 0.24 0.74 1.29 5.42 3.29 

4 1 ' 0.552 0.8 1.13 2.04 - 0.8 
2 0.537 0.78 1.14 2.13 -11.42 
3 0.545 ·a, 79 . 1.13. 2.08 0.37 
4 0.576. 0.82 1.1 1.92 13.69 
8 0.54 0.79 1.14. 2.1 - 6.46 
9 0.55 . 0.8 . 1.12 2.02 ·- 3.28 

10 0.56 0.807 1.12 2.0 7.02 

5 1 0.63 0.62 1.32 2.1 - 5.24 
2 0.62. 0.61 1.35 2.18 ·-24.5 
3 0.63 0.62 1.33 2.11 - 0.79 
4 0.64 0.63 ·1.29 1.99 16.22 
8 0.62 0.61 1.33 2.15 -12.01 
9 0.63 0.62 1.32 2.09 - 9.3 

10 0.63 0.63 1.31 2.06 5.51 

6. 1 1.59 0.19 2.18 1.38 -11.77 
2 1.65 0.18 2.35 1.43 -41.2 
3 1.56 0.19 2.12 1.37 - 5.64 
4 1.53 0.19 2.05 1.34 4.57 
8 1.61 0.18 2.24 1.4 -39.3 
9 1.6 0.18 2.22 1.39 - 3.78 

10 1.54 0.19 2.09 1.36 - 0.5 
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It must be noted, of course, that Rudd and Tedder had 

optimised their columns in terms of the degrees of freedom available. 

Consequently differences would be expected between the results. 

· The feedstocks used by Rudd and Tedder were then analysed 

using the computer programme used in.this study and the results obtained 

are given in Table 6.2. The relative volatilities between A and B and 

between B and C were also calculated for.the feedstocks used. This 

permitted the comparison of Rudd and.Tedder's results on the corresponding 

figure within Figures 6.1 and 6.22. The results again were considered 

satisfactory. 

In Figure 6.28, the zero percentage difference contours are 
. . . 

drawn for these feedstocks. Agreement was shown for the feedstock numbers 

1, 2, 4 and 5, but disagreement was found with .feedstock numbers 3 and ·6. 

In. Figure 6.29 the zero percentage difference contours are 

plotted for a range of feed volatilities given in Table 6.3. 

TABLE 6.3 Range of Feedstocks used to investigate 
Concept of E.S.I 

Feed Number aAB · a BC ESI 

1 1.2 1.2 1.0 

2 1.2 2.0 0.6 
" 3 1.2 3.0 0.4 

4 1.2 4.0 0.3 

5 1.2 5.0 0.24 

6 2.0 1.2 1.67 

7 3.0 1.2 2.5 

8 4.0 1.2 3.3 

9 5.0 1.2 4.17 
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c 

FIGURE 6.29 -Zero. Percentage Difference Contours 

for various Relative Volatilities 



• 

144. 

It is noted from the figure, that for ESI values less than 

l.O,.the zero percentage cost contours are in the same region as the 

results of Rudd and Tedder. However for values greater than 1.6 the 

results do not agree. For feed number 2 having an ESI of 1.71 there 

is agreement. However for feed numbers 7, 8 and 9 for which the ESI is 

greater than 1.6, the zero percentage difference contour swings completely 

away from the results given by Rudd and Tedder. These feedstocks are 

those in which the difficult separation is between the least two volatile 

components, that is, components B and c. Approximate agreement is only 

found for those feedstocks in which the difficult separation is between 

components A and B. Rudd and Tedder's proposals have been included 

for reference in Figure 6.30. 

6.5.1 Comments on Rod and Marek's Results 

The criterion used by Rod and Marek has been discussed in 

Chapter 1. The expression ·proposed was: 

= 
etA- 1 

1.25x c 

Positive values of 6RM suggested the direct configuration was optimal 

while negative values suggested the indirect configuration was optimal. 

Results derived from the pseudo-component analysis were applied to this 

expression. However it was found that the definition of the relative 

volatility of component A in·which the volatility is calculated relative 

to component C limits the use of this expression. For example, a relative 

volatility of 6.0 for A to C could be obtained by (a) a relative volatility 

of A to B of 4.0 and for B to C of 1.5. and (b) a relative volatility of 

A to B of 1.5 and for B to c of 4.0. Referring to Figure 6.10, for 

example, relative volatilities of 4.0 and 1.5 for A to B and for B to C 

respectively would indicate that the indirect configuration was optimal 

by approximately 12%. On the other hand, relative volatilities of 1.5 
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Regions. (From Rudd and Tedder (1976)) 
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and 4.0 for A to B and for B to C respectively would give the direct 

configuration being optimal by approximately 10%. The model does not. 

include the effect of the volat~lity of the component B and this, 

together with (a) the use of the overhead vapour rate as the objective 

.function and (b) the use of Robinson and Gilliland's method for the 

determination of the minimum reflux ratio, are the reasons suggested 

for the inaccuracies in this model. 

6.6 The Effect of the Choice of Component 'C' 
• in the Formulation of Three Component Feedstocks 

In the formulation of all.three component feedstocks, the 

component 'C' was n-Heptane. Components 'A' and 'B' were pseudo-

components generated to provide the required relative volatilities between 

components. The three component feedstocks could also be formulated 

having either of the compounds i-Pentane, n-Pentane or n-Hexane as the 

component 'C'. In either case, the pseudo-components 'A' and 'B' could 

be similarly generated to provide the same values of relative volatility 

between components as the feedstock having n-Heptane as component 'C'. 

Thus it would be possible to have four feedstocks in which 

the relative volatilities between components had the same values. These 

feedstocks would be progressively lighter depending upon whether component 

'C' was either n-Heptane, n-Hexane, n-Pentane or i-Pentane. The range 

of relative volatilities available would also be least when the compound 

i-Pentane was component 'C'. 

To determine whether the choice.of component 'C' could influence 

the percentage difference between· configurations, feedstocks were 

formulated in which component •c•.was either n-Heptane, n-Hexane, 

n-Pentane or i-Pentane. Pseudo-components ~A' and 'B' were generated so 

that. the relative volatility between 'A' and· 'B' in all feedstocks was 
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the same value and similarly for components 'B' and 'C'. The twenty-two 

feed· compositions used previously we.re considered together with the 

range of relative volatilities possible. 

The results showed that for the equimolal feedstock and 

feedstocks in which the component 'A'. was predominant, the choice of 

component :c• was significant. For these feed compositions, given by 

numbers 1, 2 and 5 in Table 5.3, the difference in percentage difference 

between configurations varied considerably from a maximum for n-Heptane 

to a minimum for i-Pentane. The decrease in the percentage difference 

was proportional to the relative volatility between the compound used 

for component 'C' and n-Heptane~ For all other feed compositions, the 

percentage difference between configurations was approximately constant. 

However for those feedstocks in which the effect was significant, 

the direct configuration would normally be selected as the indirect 

configuration ·was· never optimal. Thus the effect of the choice of a .. 
conq;>ound as component 'C' was co·nsidered insignificant. 
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CHAPTER 7. DEVELOPMENT OF COMPUTER PROGRAMMES 

7.1 Introduction 

A number of computer programmes were developed for the 

calculations required for this study. All were written in Fortran IV 

and performed on an ICL 1904A operating under the George III system, 

both in the United Kingdom and in Australia. 

The development of these programmes will be discussed in this 

chapter. As most of the programmes are quite large, it is proposed to 

present only a description of the essential features of the principal 

programmes in this chapter. Description of the data input, typical 

printout details and the listing of these programmes will be included 

in the Appendix. 

For the initial phase of the study, the size of the calculations 

needed for each configuration has been discussed in preceding chapters. 

The calculation of the mass balances together-with the process design 

of the distillation columns and heat exchangers was made using the ICI 

simulation programme 'Flowpack'. Details of this programme will not be 

included in the study as this programme is available commercially in the 

United Kingdom;' 

Subsequent to the author's ret~rn to Australia, when access was 

not available to 'Flowpack', a programme 'Flowdist' was developed by the 

author. This programme performed -those functions of 'Flowpack' of 

interest to this study. The only limitation in_ the programme was that 

recycle streams could not be considered. The distillation subroutine was 

essentially the same as that incorporated in 'Flowpack'. 

The calculation of the engineering design of the columns and 

heat exchangers to the extent described in Chapter 2, together with the 

calculation of the total annual operating cost for each configuration was 

performed by the programme 'Cost' developed by the author. 
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Two further programmes were subsequently developed to examine 

many. aspects which arose from the results generated by use of the 

previous programmes. The major programme 'Optconf' was developed to 
'· 

consider three component feedstocks only since it was felt that a nUmber 

of aspects needing clarification could be resolved by consideration of 

these feedstocks. 

Finally, programme 'Pslids' was developed to study the corn-

parison of three component feedstocks in.which the feed components were 

considered as pseudo-components, 

Two regression analysis programmes, 'Mulreg' and 'Polreg' were 

used for the.statistical analysis of the results throughout the many 

aspects of the study. These programmes were standard packages and were 

checked against standard solutions before use, 

7.2 Programme 'Flowpack' 

The method of pre~entation of data to the 'Flowpack' programme 

is given in the Appendix. The distillation subroutine .included in this 

programme required the following input for each distillation column, 

a. physical property data 

This included the vapour-liquid equilibrium data as well as 

the vapour-liquid enthalpy data for each feed component. 

Initially the vapour-liquid equilibrium data was generated 

by the use of Antoine Coefficients but later 'in the study 

Natural Gas Processors Association data(22 ) was used, 

Enthalpy data was obtained by the method of"'.Yen and 

Alexander(44) and A.P.I.-(l) data, 

All equilibrium and enthalpy data was supplied to the 

programme as regression analysis coefficients expressed·as 

a three degree polynomial as a function of temperature. 

b. feed temperature and pressure 



;------------------------------------ -.-·--·-------

150. 

c. number and composition of feed components 

a. specification of the light and heavy keys 

e. recovery specification of the light key in the overhead 

product and the heavy key in the bottoms product 

f. reflux ratio as a function of the minimum reflux ratio 

g. pressure drop per plate 

h. type of overhead condenser 

i. process topology,. that is, the arrangement of the distillation 

columns within the configuration. 

The printout obtained from 'Flowpack' provided the following 

information: 

a. mass balance for each configuration 

b. number of equilibrium stages above and below the feed plate 

for each distillation column in the configuration 

c. reflux ratio for each column 

d. condenser temperature, pressure and heat load 

e. reboiler temperature, pressure and heat load. 

An example of the format of the printout from this programme is included 

in the Appendix. 

7.3 Programme 'Flowdist' 

This programme was developed to replace the 'Flowpack' programme 

when 'Flowpack' became unavailable to the author. 

This programme was deyeloped as a general purpose mass balance 

programme capable of handling a·maximurn number of ten process units. The 

topology of the given process was read in as data as in the case of 

'Flowpack'. The programme incorporated a master segment in which the 

overall mass balancing and sequencing of ·c·alculations was determined. 

·The programme was principally used for the sequencing of distillation 

trains by the calling up of a distillation sub-routine within the 
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progranune. It is a general purpose progranune in tha.t other separation 

processes may be incorporated as sub-routines. 

'Flowdist' incorporates as a subroutine ~he progranune 'Cost' 

for the .design and costing of each column and heat exchangers as in 

'Flowpack • .• 

7.4 Programme 'Cost' 

This programme provided the design of all distillation columns 

and heat exchangers to the degree required to determine the total annual 

operating cost. This cost was also calculated by the programme. 

The printout.for the programme provided the cost of each 

equipment item in the configuration, the cost of process cooling water 

and process steam and the total annual operating cost. The economic life 

for all equipment for depreciation was taken as 10 years. An installation 

cost of three times the major equipment cost was used~ 

A flow chart of the programme is given in the Appendix together 

with a detailed description of the programme. 

One of the difficulties of the use of an objective function such 

as the one adopted in this study is the necessary decision to base the 

analysis on one type of column, a given design procedure and assumed 

values of the economic parameters •. It is not proposed to consider in 

depth in this study the current state of knowledge in regard to, for 

example, tray hydraulics for tray· distillation columns. Rather the 

decision was made to base the design of the columns, heat exchangers and 

cost data on current technology and practice. Consequently the columns 

were designed as ballast tray towers and the design method followed was 

in accordance with a currently available commercial design manual, in 

this case, the Glitsch Ballast Tray Design Manual. (S) Similarly, values 

of heat transfer coefficients and temperature approach for the heat 

exchange.rs were also taken as typical· of current practice. 
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Cost data was taken from a recent publication by the 

Institution of Chemical Engineers. (l4) 

The principal assumptions made in the design and costing of 

the columns and heat exchangers were as follows:-

a. tray spacing constant at 61 ems 

b, tray efficiencies maintained constant in all cases at 60% 

c, heat transfer coefficients in the condenser and reboiler 

maintained constant at values. of 568 and 710 W/m2°K. 

d. temperature approach in all heat exchangers at 10 centigrade 

degrees 

e. distillation tower diameters based upon the vapour rate at 

the top of the column 

f. a depreciation period of 10 years for all equipment. 

While the above are typical of currept practice, the decision 

to maintain a constant value of the overall tray efficiency for each 

column in every configuration requires further comment. In the objective 

function used in the study, the fixed investment required for the column, 

condenser and reboiler are included as a yearly depreciation amount based 

.on a ten year depreciation period. Thus the contribution of the cost of 

the column only to the total annual operating cost is.not significant. 

It was shown from the calculations that the contribution of the column 

to the total annual operating cost was never greateJ;;,. than 2. 5%. Further 

a 2,5% variation in the overall tray efficiency does not produce the 

corresponding variation in the total column cost. Consequently it was 

considered that the amount of calculation required to determine a more 

accurate overall tray efficiency for each column was not warranted. 

The cost of individual columns and heat exchangers was 

calculated from the basic capacity and cost by the following:-

(Size of A 
Cost of A = Cost of B l x Slope of Cost Curve Size of B 
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All costs were updated to present day values by the use of 

the process Engineering. Cost Indices. (l4.> .The values of utilities were 

taken from Blackhurst and Harker (1973). 

7.5 Programme 'Optconf' 

The initial phase of this study has been the investigation of 

the effects of the various possible configurations for the separation 

of three, four and five component feedstocks. From the results obtained 

from these investigations, conclusions were.made as to the area in which 

further work should be done and these· have been discussed. However, it 

was felt that· these areas could be investigated by considering three 

component feedstocks only. 

·consequently a computer programme was developed in. which the 

following calculations for three component feedstocks could be carried 

out -

a. mass balances for the direct and indirect configurations 

b. process design of the distillation columns for each 

configuration, together with the heat loads for the 

heat exchangers 

c. the overhead vapour flowrate from the expression 

= D. (R. + 1) 
l. l. 

for each column and the determination of the percentage 

difference between the total overhead vapour flow rate between 

both configurations 

d. the condenser heat load calculated from the expression 

. q . = V. A. c ,~ .1 1 

for each column and the percentage difference between both 

configurations 

e. the thermodynamic net work consumption for each column and 
• 

the percentage difference. for both' configurations. The thermo-

dynamic net work consumption was obtained from the following 

expression 
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T.N.w.c. = 

where T0 , TB are the dew point·· <>;nd bubble point temperatures 

of the overhead and bottoms product respectively 

f. the vapour flowrate difference for the configurations 

calculated by the use of the mathematical model developed 

in· this study and discussed in Chapter 4. 

In addition, the extent of the variation caused in the value 

of certain parameters by the various interpretations of the relative 

volatility term in the Underwood equations has been discussed. This 

variation has been investigated by the use of this programme. Provision 

was made in the programme for the calculation of the relative volatilities 

to be used in the determination of the minimum reflux ratio to.be made 

.at the following conditions: 

(i) feed temperature to the column 

(ii) geometric mean of the dew point temperature of the 

overhead product and the bubble.point temperature 

of the bottoms product · 

(iii) cubic mean of the following· temperatures-

(a) the feed temperature and .(b). and (c) being 

the two temperatures in (ii) 

(iv) geometric mean of the boiling point of pure components 
' 

A and C. 

The effect of the assumption of non-distribution of the non-key 

components was also investigated in this programme. All of the above 

calculations were repeated for each feed on the assumption that the 

non-key components did not distribute. 

7.6. Programme 'Pslids' 

Programme 'Pslids' was developed to incorporate the concept of 

pseudo-components to generate components having specified relative 

,, 
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volatilities. By the use of this programme, three.component feedstocks 

could be formulated in which the volatility of the components would 

be as predetermined simple multiples and not the values obtained by the 

use of aqtual components. This concept has been discus~ed in Chapter 5. 

A flowchart and listing of this programme will be included in the 

Appendix •. 

7.7 Programme 'Bubble' 

Prior to the development of 'Optconf', the data for input 

for 'Flowpack' and 'Flowdist' required the temperature of each feed to 

be specified.. As all feeds were at their bubble point temperature at 

the operating pressure, the bubble point.temperature was calculated 

by this programme. 

The basic calculation of the programme was to find the 

temperature at which the expression was valid, 

The tolerance set in all cases was 0.001. The.Newton-'Raphson 

convergence procedure was used to solve the expression. A listing of 

this programme is included. in the progr~e 'Pslid.s'. , 

,,. 
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CHAPTER 8. CONCLUSION 

The thesis has considered the. possibility that of the number 

of process configurations possible to separate a multicomponent feed­

stock by the process of distillation. into relativ~ly pure components·, 

one of these configurations should be optimal and predictable. The 

distillation columns considered were columns supplied with·a single 

feedstock and producing two products, one overhead and one bottoms. 

From the previous work, a set of· guidelines or heuristics had been 

proposed by the use of which it was claimed the optimal configuration 

could be predicted. 

These heuristics were studied by considering a very wide range 

of feedstocks of varying feed composition formulated from simple hydro­

carbons from Propane through to n-Heptane. Tnese feedstocks contained 

up to a maximum of five components. To .compare all configurations 

possible for a given separation, a detailed design and economic evaluation 

method was developed. In its development, the method used various design 

and economic parameters. The values of these parameters were taken as 

those typical of current industrial practice •. Other process parameters 

were considered constant, for example the column operating pressure and 

the ratio of the operating to the minimum reflux rati~. These were 

maintained constant because the thesis adopted a policy of not considering 

'external' economic parameters because a configuration could be optimal 

under one set of economic parameters and not be optimal under another set. 

Further, several reported. studies had considered each column to be 

economically optimised in regard to the operating pressure of the column 

and the degree of vaporisation of the feedstock. This thesis was concerned 

with the development of techniques which could predict the optimal process 

configuration as a function of those process parameters which specify the 

separation. These were:-
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(i) feed composition 

(ii) component volatility 

(iii) degree of recovery of the components. 

The objective ftinction used initially to compare each con-

figuration was the total annual operating cost. As it was subsequently 

shown that. the reboiler heat load provided identica1 percentage 

differences between configurations, this parameter was used as the 

·objective function throughout the· remainder of the thesis. 

The results obtained from the analysis of the three, four and 

five component feedstocks provided an illustration of the variation in 

cost of the separation by the use of the configurations possible. It 

also showed the effect of feed composition, degree of recovery and the 

component volatility upon the cost of the sepa7ation. 

The study of these feedstocks also showed that while the 

individual heuristics could be shown to be valid, it was not possible 

to predict under what process conditions each heuristic would dictate 

the selection of the optimal configuration. Further it was shown that 

there were conflicts between the heuristics arising from the interaction 

of the influence of the feed composition and the component volatility. 

The only manner in which this aspect could be resolved was 

by the use of a mathematical model relating the cost difference between 
J 

configurations and the component volatility, feed composition and the 

degree of recovery of the components. 

The thesis examined. the use of indices proposed in the litera-

ture as a guide to_ the prediction of optimal configurations. It was 

shown that these indices could not adequately predict the optimal 

configuration. The thesis found that the development of such indices 

for the prediction of optimal configurations of distillation trains was 

not feasible. 



159 •. 

A mathematical model· was developed relating the overhead 

condenser heat load to.the.process variables described previously. As 

all feedstocks were taken to be at their bubble point temperature for 

the column pressure, the condenser heat load was used as the objective 

function. 

It was shown that there were two major difficulties which 

prevented the use of this model for the prediction of optimal configu-

rations. These were:-

(i) The adoption of the Underwood method for the determination 

of the Minimum reflux ratio. In the solution of the two equations in the 

Underwood method, an iterative solution is necessary for the calculation 

of the value of the Underwood parameter, $. While the mathematical 

' model developed contained the known variables, that is, feed composition, 

component volatility and the component degree' of recovery, it also 

contained the Underwood parameter. This parameter occurred in the model 

as many times as the number of columns in the configurations being 

compared. The values of these.parameters must also be known before 

solUtion of the model. 

(ii) The nature of the distillation.process itself. The model 

required the knowledge of the actual. product compositions. This required 

the determination of the distribution of the non-key components into both 
f 

products for all columns. As this knowledge was not.possible without 

prior calculation, the model had to assume that non-key components did 

not distribute. The value of the relative volatilit~ used in the sizing 

of the columns was calculated in this thesis as the geometric mean of 

the relative volatilities calculated at the dew point of the overhead 

temperature and the bubble point temperature of the bottoms product. 

As these temperatures could not also be known without prior calculation, 

the values of the relative volatility for use in the model could only be. 
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calculated at known conditions which were either at the feed· 

temperature to the configuration or a mean of the relative volatilities 

calculated at the boiling point of the pure lightest and heaviest 

components. 

It was shown that even if the values of the Underwood 

. parameter were known, the results of the model could not be satisfactorily 

.correlated with the actual results Obtained by use of the design method. 

However, an alternative to a mathematical relationship was 

proposed by the use of a new concept of pseudo-components. These were 

hypothetical compounds given physical properties so that they could 

provide relative volatilities of any desired value. These properties 

were derived from known compounds, the alkanes from Propane through to 

n-Heptane. By formulating feedstocks in which small incremental changes 

in the value of relative volatility were made and analysing a sufficiently 

large number of feedstocks, it-was possible to develop graphical illus­

trations of the relationship between the cost of a separation and the 

feed composition and component. volatility. It also provided illustration 

of the interaction between feed composition and component volatility. 

The use of the concept of pseudo-components thus enabled a new 

design method to be developed for the selection of the optimal con-. 

figuration. This method is applicable to feedstocks formulated from the 

components used in this thesis and ·the process conditions specified. 

For feedstocks having relative volatilities between the two 

pairs of components in a three component feedstock in the range of 

1.1 to 5.0 the rnethod.requires the reading of two charts. One chart 

indicates whether the optimal configuration will.be either the direct 

or indirect configuration. and.the other provides the size of the 

difference between the two configurations. 
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While the method has been based on a given range of alkanes, 

it is the first study to illustrate the interaction between the two 

principal process parameters influencing the selection of the optimal 

configur.ation and restricting the use of the proposed heuristics. The 

study has shown that the method appears to be the only way the interaction 

can be sh9wn. 

As the analysis has been based on the.use of non-economic 

process parameters, it is believed that the results will be of considerable 

benefit in similar studies.of other distillation systems, 
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The use of a constant value for R/R . • 
m~n 

For all columns considered in the thesis the following 

arguments apply. 

1. The classica~ curve ~llustrating the total annual cost as a 

function of reflux ratio shows very steeply rising costs .at 

values of R below 1.1 to 1.2 times R . but rises only very 
m~n . 

slowly above 1.2 times R . • Thus it is usual to take an 
m~n 

operating optimum value for continuous fractionation of 1.25 

times R . • King (1971) states that by designing columns to 
m~n 

operate with a R.R. of 1.2 to 1.3 times R . , the total annual 
m~n ... 

operating costs will only be 2-6% greater than the cost of the 

optimum reflux ratio. The results from this study indicated 

that this figure was high, a maximum value of 4.5% being obtained. 

2. Further King suggests the desirable design policy should be to 

3. 

set the operating reflux ratio at 1.2 to 1.3 times R . and not 
m~n 

·to go through an optimization calculation for each column. 

Belles (1977) has also confirmed this policy. Previous 

studies, for example that by Robb and Merrick (1969), had used a 

value of. 1.25 and thus comparison was possible with these results. 

Heaven (1969) considered over 70 distillations in which the 

operating reflux ratio and column pressure were economically 

optimised for each column. The optimum reflux ratio was found to 

be within the range 1.1 to 1.25 times R . in all cases. 
m~n 

4. Using a constant value of 1.25 for each column, the percentage 

cost difference between two configurations would of course be 

slightly different from the value obtained with a constant ratio 

than if the economic optimum was used. However, as economic 

parameters vary from design to design, and as the extent of the 

difference on total-annual variable cost is very small, then it 

is considered more appropriate to base the study on a constant 

value of the ratio operating to minimum reflux. 



------------------------------------ ---------

162 • 

• > 

REFERENCES.' · 



163. 

REFERENCES 

1. American Petroleum Institute (1966) Technical Data Book 

A.P.I. Div. of Ref., N.Y. 

2. Backhurst, J.R., and Harker, J.H., 'Process Plant Design', 

Heinemann Educational, London (1973). 

3. ·Chao, K.C., and Seader, J.D., A.I.Ch.E.J., 7, 598 (1961). 

4. Freshwater, D.C., and Henry, B.D., Paper presented to the 

· 76th National A.I.Ch.E. Conference, Tulsa, 

Oklahoma, 1974. 

5. Freshwater, D.C., and Henry, B.D., The Chemical Engineer, ,, 
No, 301, 533-536, _September, 1975. 

6. Freshwater, D.C., Paper presented for First Iranian Congress 

of Chemical Engineering, Shiraz, May, 1973. 

7. Freshwater, D.C., and Zigou, E., Paper presented to the 

Society of Chemical Industry, Birmingham, Nov. 1975. 

8. Fritz W. Glitsch & Sons, Inc., Ballast Tray Design Manual 

- (1961) • 

.. 
9. Harbert, W.D., 'Which _Tower Goes Where?' 1 Petroleum Refiner, 

36, 169 (195 7) • 

10. Heaven, D. L. , 'Optimum Sequencing of Distillation Columns in 

Multicomponent Fractionation' 1 M.S. Thesis, 

Univ. California, Berkeley (1969). 

ll. Hendry, J.E., and Hughes, R,R. ,_ 'Generating Separation l?rocess 

Flowsheets', Ch?ni~ Eng. Progr. 1 68, No. 6, 69 0.972), 



164. 

12. Henry, B,D., Paper presented to Fourth National Chemical 

Engineering Conference, 1976. Preprints of Papers · 

pp. 46-50, The Institution of Engineers, Australia, 

National Conference Publication No. 76/6. 

13. ··.Imperial Chemical Industries Limited, Users Description for 

FLOWPACK (1970) • 

14. Institution of Chemical Engineers, .A guide to Capital Cost 

Estimation, (1969). 

15. Kern, D.Q., Process Heat Transfer, McGraw Hill, New York (1950). 

16. King, C.J., 'Separation Processes', McGraw Hill, New York (1971). 

17. King, C.J., Gants, D.W., and Barnes, F,J., 'Systematic 

Evolutionary Process Synthesis'·, Ind. Eng. Chem. Process 

Design, Develop., 11, 271 (1972) • 

18 Lockhart, F.J., 'Multi~Column Distillation of Natural Gasoline', • 
Petroleum Refiner, 26, 104 (1947). 

19. Maikov, V.P., Vilkov, G.G.,·and Gal'tsov, A.V., 'Optimum Design 

of Multicolumn Fractionating Plants from the Thermoeconomic 

Standpoint', Int·.Chem,Eng., 12, 426 (1972) • 

20. Masso, A.H., and Rudd, D.F., 'The. Synthesis of System Designs, 

II : Heuristic Structuri.itg' ,"A.I.Ch.E.J., 15, 1.0 (1969). 

21. Maxwell, J.B., Data Book on Hydrocarbons, Van Nostrand, 

Princeton (1950). 

22. Natural Gas Processors Association, Equilibrium Ratio Data 

Book, 1957. 

23. Nishimura, H., and Hiraizumi, Y., 'Optimal System Pattern for 

Multicomponent Distillation Systems', Intern. Chem. Eng., 

11, 188 (1971). 



165. 

24. Petlyuk, F.B.,Platonov, V.M. and Slavinskii, D.M. 

'Thermodynamically Optimal Method for Separating 

Multicomponent Mixt·ures • , Int. Chem. Eng., 5, 

555 (1965). 

25. Petlyuk, F.B., and Platonov, V.M., 'Thermodynamically 

Reversible Multi component Rectification •, Khim.Prom., 

40, (10), 723 (1965) •. 

26. Petlyuk, F.B., Platonov, V.M. and Avet'yan, v.s., 'Optimum 

Arrangements in the Fractionating Distillation of 

Multicomponent Mixtures', Khim. Prom., 42, (11), 

865 (1966). 

27. Powers, G.J. ,'Heuristic Synthesis in Process Development', 

Chem. Eng. Prog.,-68, No; 8 1 88 (1972). 

28. Rathore, R.N.S., Wormer, K.A.V., and Powers, G.J., 

A.I.Ch.E.J., 20,5, Sept. 1974. 

29. Rathore, R.N.s., Wormer, K.A.V.-, and Powers, G.J., 

A.I.Ch.E.J., 20, 3, May,, 1974~ 

30. Rod, V., and Marek, J.·, 'Separation Sequences in Multicompon.ent 

Rectifi~ation', Coll. Czech., Chem. Comm., 24, 

~240 (1959) • 

31. Rudd, D.F., Powers, G.J-., and Siirola; J.J. Process Synthesis, 

Prentice-Hall Inc. 1 New Jersey, 1973. 

32. Rudd, D.F., 'The Synthesis of System Designs, I :Elementary 

Decomposition Theory', A.I. Ch.E.J., 14, 343 (1968). 

33. Rudd, D.F., Hendry, J.E.,and Seader, J.D., 'Synthesis in the 

Design of Chemical Processes', A.I.Ch.E.J., 19, 1 

(1973). 

34. Siirola, J.J., and Rudd, D. F., 'computer-Aided Synthesis of 

Chemical J;>rocess Designs' 1 Ind. Eng~ Chem. Fundamentals, 

101 353 (1971) • 



.166. 

35. Siirola, J .J., Powers, G.J., and Rudd, D.F., 'The Synthesis of 

Systems Designs, III : . Toward a Process Concept 

Generator', A.I.Ch.E.J., 17,677 (1971). 

36; Smith, B.D., Design of Equilibrium Stage •. Processes, 

McGraw-'-Hill Book·: Co., New York, 1963. 

37. Stupin, W.J., and Lockhart, F.J., 'Thermally Coupled 

Distillation- A Case History', Chem. Eng. Progr., 

68, No. 10, 71 (1972). 

38. Tedder, D.W., and Rudd, D.F., Paper presented to 82nd 

Meeting of A.I.Ch,E. Atlantic City, New Jersey, 1976, 

39. 
\ 

Tedder, D.W., Ph.D. Thesis 'The Heuristic Synthesis and 

Topology of Optimal Distillation Networks', 

University of· Wisconsin, Madison, 1975. 

40. Thompson,R.W., and King, C.J., 'Systematic Synthesis of 

Separation Schemes', Paper presented at Am. Inst., 

Chem. Engrs. Meeting, Dallas, Texas (1972). 

41. Van Winkle, M., 'Minimizing Distillation Costs via Graphical 

Techniques', Chem. Eng., 79, March 6, 1972, p. 105. 

42. Van Winkle, M., 'Distillation', McGraw Hill, New York (1967). 

43. Van Winkle, M., and Todd, W.G., Chemical Engineering·, 78, 

Sept. 20, 1971, 137. 

44. Yen, L.C., and AleXander, R.E. (1965), A.I.Ch.E.J. 11, 2, 334. 

45. Belles, L. (1977), Private communication. 



167. 

APPENDICES 



• 

168. 

•• 

· APPENDIX Al: Pliysical Arra,ngement of all possible 

configurations for three,. four and 

five component feedstocks, 
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APPENDIX A2: Evaluation of Objective Functions. 

A2.1 Reboiler Heat Load 

A2.2 Condenser Heat Load 

A2.3 Overhead Vapour Flowrate 

A2.4 Thermodynamic Criteria as Objective 
Functions 

' 
I 
I 
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•• APPENDIX A2 Comparison of Objective Functions 

The various objective functions used in the previous studies 

and reported in the literature were discussed in Chapter 2. In 

the initial phase of this thesis, the objective function used was 

the total annual operating cost. The calculation of the value of 

this objective function required the detailed design and costing 

of all process items in each configuration. Because of the very 

large number of cases to be considered in the thesis, other 

parameters were examined for use as the objective function. 

Process parameters used in previous studies w~re the following: 

(i) Reboiler Heat Load 

(ii) Overhead Vapour Flowrate 

(iii) Thermodynamic Net Work Consumption. 

During this study, the validity of each of these parameters as 

objective functions was examined. 

A2.1 Reboiler Heat Load 

• It was found that the reboiler heat load gave an excellent 

correlation with the total annual 'operating cost for all feedstocks 

used. The percentage differences in configurations based on the 

total annual.operating cost and the reboiler heat load were identical. 

The reboiler heat load was used as the alternative objective 

function, as the literature had also shown that the reboiler heat 

load can be used as an indication of the cost of distillation. 

Regression Analysis of the results from this study confirmed this 

selection. 
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TABLE Al. Comparison of Total Annual Operating Cost 
and the Reboiler Heat Load as Objective 
Functions for Feedstock Given in Table 3.7. 

Configuration Feed Percentage Difference between 

Number No. Confi~rations in terms of:-

Reboiler Heat Load Total Annual 
OJ2eratin'I Cost 

1 1 
2 .. 3 
4 
5 

2 1 + l. 781 + l. 779 
2 -16.94 -16;97 
3 . - 0.18 - 0.181 
4 + 3.185 + 3.19 
5 . +10.52 +10.56 

3 1 - 7.327 - '1.329 
2 -18.518 -18.5 
3 -16.88 -16.9 
4 -17.65 -17.65 
5 -14.6 '-14.61 

4 1 - 8.54 - 8.51 
2 + 3.25 + 3.245 
3 - 8.66 - 8.65 
4 - 6.52 6.49 
5 : 5. 71 5.718 

5 1 - 4.46 - 4.409 
2 - 2.47. - 2.452 
3 -14.6 -14.61 
4 - 5. 72 - 5. 718 
5 - 0.76 - 0.756 

,, 
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A comparison of the" percentage difference between 

configurations expressed in terms of the total annual operating" 

cost and the reboiler heat load for the feedstock given previously 

in Table 3. 7 is given in Table Al. 

A2.2 Condenser Heat Load 

As discussed in the text, all"feedstocks were considered to 

be at their bubble point temperature for the column operating 

pressure. Under these conditions, the condens~r heat load should be 

approximately equal to the reboiler heat load. The value of the 

condenser heat load was determined, together with the reboiler heat 

load for each configuration and the difference in the configurations 

was also calculated in terms of the condenser heat load. The 

results obtained from this study confirmed the suitability of the 

condenser heat load as an objective function. " The percentage · 

difference between the diffe"ren"ceS" in the configurations, expressed 

in terms "of the reboiler heat load and" the condenser heat load 

differed by no more than 4 -"5% for all the cases studied. 

A2.3 Overhead Vapour Flowrate 

This parameter had been'used in previous studies, in particular, 

the study of Rod and Marek (1959). A study was made of the 

feasibility of this parameter for an objective function. In 

Chapter 3, Table 3.8 it was noted that a good correlation occurred 

between the overhead vapour flowrate and "the reboiler heat load for 

the type 'B' feeds considered in the ."Table. These feedstocks 

were those in which the separation between components A and B was 

more difficult than b<jtween components B and c." For the type 'A' 
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feedstocks, the correlation was peor and so a study was made of 

this parameter. 

From the results of Chapter 5, using pseudo-components, it 

was possible to study the relationship between the overhead vapour 

load and the reboiler heat load. Table A.2 provides a typical 

illustration of the two parameters for two values of the relative 

volatilities for the twenty feed compositions used in that Chapter. 

Two volatilities are considered. In ·one feedstock, the separation 

between A and B is more difficult than between B and C while. the 

opposite is the case in the other· feedstock. It will be noted 

from the table that a good correl~tion occurs for the feedstock 

in which the difficult separation is. between the two most volatile 

components, while a very poor correlation e~ists for the other 

feedstock. Good correlation only occurred in those feedstocks in 

Chapter 5 in which the separation of the two lighter components 

was difficult. As a result, it can be concluded that the use of 

the overhead vapour flow as an indication of the cost of distillation 

is not advisable •. 

.,. 
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A2,4 Thermodynamic Criteria as Objective Functions 

In Chapter.l, the use of thermodynamic criteria by King 

and Petyluk et al has been discussed •.. Throughout this thesis, 

the comparisons of the configurations have also been expressed in 

terms of the thermod:{namic net work consumptio.n as defined by 

King.· By this definition, the thermodynamic net work consumption 

is proportional to the product of the interstage vapour flowrate 

and the difference in the reciprocals of the overhead and bottoms . 

temperature. As discussed in Chapter 1, the temperature difference 

over each column in this study was constant in thermodynamic terms, 

whereas in King's interpretation, the temperature difference varies 

over each column. Consequently this parameter would be expected 

to give quite different results. 

The results obt~ined showed no relationship between the other 

parameters used in this thesis and the thermodynamic net work 

consumption, As an example,. Table A2 provides a comparison between 

the results given by the three parameters: the overhead vapour 

flowrate, reboiler heat load and the thermodynamic net work 

consumption. 

.,. 
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Comparison of Objective Functions 

V - Vapour Flow, q - Reboiler Heat Load 
r 

T.N.W.C. - Thermodynamic Net Work Consumption. 

Percentage Difference Between Configurations 

Number aAB = 4.0, aBC = 1.15 a AB = 1.15, aBC = 4.0 

V qr T.N.W.C. V qr T.N.W.C. 

1 . 2. 77 - 5.05 -115.0 1.38 ,1.42 47.9 

2 -13.7 - 0.4 -104.9 - 5.76 - 5.57 44.8 

3 - 0.9 - 9.2 - 45.1 0.4 0.41 21.8 

4 6.81 - 7.13 -120.3 8.17 7.92 51.0 

5 - 0.45 4.37 -125.4 - 2.79 - 2.59 45.8 

6 - 0.19 -11.8 - 74.65 0.82 0.83 34.3 

7 6.2 - 4.19 -il9.6 3.83 3.74 54.7 

8 3.3 - 9. 72 -117.3 - 4.3 - 4.21 21.7 

9 10.01 16.88 -143.2 .. 0.87 .0.96 52.3 

10 l. 77 - 9.87 - 49.8 ·' 5.89 5.65 52.0 

11 - 4.7 4. 72 -117.1 - 4.2 - 4.01 45.3 

12 l. 74 1.66 -128.1 - 1.26 - 1.1 46.3 

13 6.63 1·28 -D3.4 · . 2.45 2.48 .53.5 

14 10.28 11.27 -160.3 1.16 . 1.61 50.4 

15 1.06 -11.04 - 79.2 2.55 2.51 43.4 

16 4.1 - 7.8 - 98.7 4.23 4.09 53.5 

17 9.2 3.8 -157.0 ' 3.34 3.69 49.97 

18 0.53 - 9.45 - 44.6 4.03 3.93 43.49 

19 3.21 -10.35. - 62•5 6.65 6.26 56.23 
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APPENDIX A3: Development of Mathematical Model. 



181. 

APPENDIX A3:- ·oerivation·of·an analytical relationship 
·to be used-for the-comparison-of-the two 
·possible configurations-i.e., direct and 
indirect for-the-separation of three·component 
feedstocks. 

-.Vapour flow from the top of·a distillation column is given by 

V = D(R+l) 

-- if R = 1.25 R . 

then V 

m1n 

= D (1. 25 R . + 1) 
mJ.n 

••• · •.•••• (Al) 

R. will be determined. using Underwood's method, i.e. R. will be 
m1n m1n 

calculated from the followiJ2g.: 

= R . + 1 ml.n 
••••••••• (A2) 

where ~ is calculated from the following: ,,. 

= 1 - q 
••••••••• (A3) 

as all feeds will be at their bubble point temperature, then 

q = 1 and eqn (3) becomes 

a 
_B_xBF 
a 

B-<j> 

+ = 0 

Putting the-left hand side of eqn. (A2) = Y 

i.e. Y = Rmin + 1 

then it can be shoWn< that 

••••••••• (A4) 

•••••••••• (AS) 
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Thus for two columns in a given configuration, the stnn of the 

vapour loads from each column would then be 

•• , •••• , , (A6) 

For the comparison of the two possible configurations for the 

separation of three component feeds, an expression relating the 

difference between the total vapour load from each configuration 

would be as follows: 

This expression will now be re-written in terms of variables which 

describe the state of the feed and the· degree of recovery specified for 

each component. 

i.e. in terms of the following: 

(1) Rled compositi~n; xAF' ~F' xCF 

(2) Relative volatility of feed components; aA a ac , 
I B, 

and 

(3) .The degree of recovery. of each component, RE),., RF
3

, RFC. 

(.I) calculation of Distillate flow rates ·from ·each column in both 
configurations ·in ·terms ·of ·variables specified ·above 

(i) Direct configllration ·~ Column One 

NU!tber of lllOles of D
1 

· = lllOles of A + lllOles of B 
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(Component C has been assumed not to distribute to 

this product) 

•••••••• (AS) 

(ii) Direct Con"figuration - Coiumn 'IWo 

... 
Number of moles of D

2 
= moles of A + moles of ·B 

+moles of C 

0 

, , D2 ,D = XAF·,F,(l-RFA) + ~F.F.RFB + xCF.F,(l-RFC) 

•••••••• (A9) 

. . D + D = xAF.F +.~F.F,(l+RFB· - RFBO.S) 
l,D 2,D B 

·Indirect Configuration - Column ·one 

Number of moles of D
1 

= moles of A + moles of B + moles of C 

Indirect Configuration·~·column·'IWo 

Number of moles of D2 = moles of A + moles of B 

. . Dl,i + D2,i = xAF.F. (l+RFA) + ~F.F. (2RF~,5-RFB) 

.+ xcF'F. (1-RF c> 

••••.••.•• (All) 

.•••••.•.. (Alla) 

•••••••••• (Al2) 

• • (D. +D )-(D. + D ) = xAF.F + ~FF(l+RFB- RF
8
°" 5

) 'lD 2D ·1· 2" ' . ' . rl.. rl. 

•.. 
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. o. 5 
xBF (1+2RFB- 3RFB ) - xAF.RFA ••••••••••••••• (Al3) 

Equation (A13) will be used as the second term in equation (A7). 

(II) Development of expressions for 'the· 'Y' terms in Equation (A7) 

Eqn. (A2) 

Underwood's equation for R . was previously written as 
IIU.n ,, 

For column 1 - Direct· and Column 2 - Indirect 

. XCD = o.o 

then 

.••••••.•... (Al3a) 

'!he y functions will'now be derived for each column. 

{a) Direct configuration·"' column One 

Equation will be of the form: 

= . .IlllltlQer .of .moles .of .A .in .D1 
number of moles of o

1 

= xAF.F.RFA· 

Dl 

I 

I 



. . Yl,D 

where cl. 

and c2 

, .. 

or Y 
l,D 

= 

= 

= 

= 

= 
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xAF.F.RFA (Cl - c ) + c 2 . 2. 
Dl 

a AB 
Cl 

AB-<j>l 

1 
1-<j> 1 

F 

F 

by substituting foro
1
· from equation (AB) 

. ,D 

(b) Direct Configuration - Column a?wo 

xAF.F. (1-RFA) 
xAD2 . -

02,0 

xBF.F.RFB. 

XBD2 = 
02,0 

Substituting in Equation (A13a) 

Y - (C' - C3!) xAD2. + (C' - C') x + C' 2 ,D- 1 2 3 BD2 3 

••••••••••. (Al4) 

- C') x (1-RF) + (C'- C')x RF + 3 AF. A · 2 3 BF" B 

Substituting for o2,D from Equation (A9) 
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where CBl·= C' - C' 1 3 . 

and 

"AC'- ~ 
~2 . 

- c• 
3 

1 
1-~ 

... ~2 . 

(c) Indirect Configuration - Column 1 

Equation is of the form 

yl . 
"AC" x!W + "Ben .• xBD = 

.~ "Ac"-<1> "Be"- ~3 . 3 

. ...••.•..•• ( Al5) 

+ ~ .xCD 
1-~3 . 

yl . = XAD (dl - d3) + ~d2 - d3) xBD + d3 
.~ 

where dl - d3 
"Ac;, 1 = 

. "AC"-~ 1-~3 3 

and d2 - d3 = "BC" 1 
et 
BC"-~3 1-~3 

Now xADl 
xAF'F 

= 
Dl . . ~ 

and ~Dl 
~F.F.RF~' 5 

= 
Dl .. . ~ . 
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yl . = . ~ F 

Dl . 
[(dl-d3)xAF + (d2-d3) xBF".RF~.S + 

.~ 

substituting for D1 . from Equation (All) 
.~ 

+ d3(xAF + ~r·RF~.S + xCF (1-RFC))] 

(d) !~direct Configuration - Column Two 

Now 

Equation is of form 

+ d' 
2 

substituting for D2i from Equation (Alla) 

•••••••••• (A16) 

y2i = D:i [dB.xAF.RFA + d2 (xAF.RFA + xBF [RF~.S- RFB] ) ] 

where dB = 

~. = 

d' = 
2 

d' -1 

~AB" 

~AB"-~ . 4 

.••••••••••• (A17) 

d' 
2 

- 1 

·1-~4 
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(III) ·. Development of objective function (Equation A7) in final form 

i.e • 

The objective function was previously derived. as Equation (A7) 

. AV 
. --= 

F 

0.25 
F 

now substituting as follows: 

for Y1D equation 

y2D . equation 

yli equation 

(Al4a) 

(Al5) · 

(Al6) 

' 
y2i equation (Al7) 

together with equation (Al3) • 

The equation so obtained can be simplified to yield the 

following expression: 

The expressions in brackets can be further simplified by expanding 

the volatility terms and then cancelling. 

. . 6V 
F = 1.25 [x ·(C'-d + RF (C -d'-C' + 0.2))] 

AF1.l Al1l 



' 

• 

where ci 

C' 1 

C' 2 

C' 3 

dl 

d2 

d3. 

d' 1 

d' 2 

1 
= [1 - $ J 

1 lD 

a.AC 
J = [ 

a.AC-$2 2D 

a.BC 
] = [ 

~C-$2 2D 

= [ 1 ] 
1 -~ 2 2D 

a. 
= [ AC ] • 

a.AC-$3 ll.. 

[ 
a.BC 

= ] 
a.BC-$3 li 

1 
]li = [ 1-$ 

3 

= [ 
a. AB ] 

a.AB-<j>4 2i 

= 

189. 

[0.6-d -c -d'J) 2 2 2 

....... (AlB) 

Thus Equation (AlB) is a mathematical model relating the difference in 
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overhead vapour flow per mole of feed to the feed composition, 

component relative volatilities and the degree of recovery. 

The model unfortunately contains four values of the underwood 
• 

parameter ~. 
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,. 

· APPENDIX A4: Error in Flowpack Simulation Package. 

•.. 
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APPENDIX.A4: Error in Flow Pack Programme 

Reference has been made in the text to the error which was 

discovered by the author in the distillation sub-routine of the programme 

'Flowpack' • An example of this error is included to illustrate a 

difficulty encountered with the use of the Underwood method for the 

determination of the minimum reflux ratio. 

As an example consider a three component feedstock having the 

following composition: 

XA = 0.2 

XB = 0.4 

XC = 0.4 

and having component relative volatilities referred to component B as , 

the heavy key as follows: 

/ 

a AB = 7.2707 

a BB. = 1.0 

a CB = 0.7944 

For this feed at its bubble point, the value of 'q' in the Underwood 

equations will have a value of 1. . Thus an.iterative solution procedure 

is required to solve the following equation: 

a BB a BC .ac 
+ + = 0 

a AB- ~ a BB- ~ a BC - ~ 

Using the·Newton-Raphson method, the roots of the. equation are found by 

use of the expression 

_fl& 
f 1 

(x) 

where ~l is an improved value of the root. By use of this method, a value 
. . 

of ~ of 3.0143 is obtained. In this case, interest is only centred on 
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the value of ~ lying between the value of the relative volatility of 

the light key component, i.e. 7.2707.and I.O. Confirmation of this 

value of the root can be made by calculating the value.of the 

expression over the range of values of a. Figure A3 provides a 

computer printout illustrating the.solution. The tolerance imposed 

on the solution by the Newton-Raphson method was O.OOl. 

For the solution by the method of the Bounded-False-Position; 

the previous equation of Underwood is modified to the following:-

[ 
aAB x(IJ 

aAB -~ 
+ aBB xB­

aBB -~ 
+ a CB 

a CB 
:;] X [ _,(.;::a:.:AB::----'~'-':'-(:..::a:::C:::B'---....&..f!'-) ] = ·error 

where the value of E was originally set at a value of 0.00001. 

The method of Bounded-False-Position.involves the determination 

of the value of the above expression at values marginally less than and 

greater than 7.2707 and 1.0 respectively. (By the nature of the 

Underw6od's equations, the expression is infinite at the values of 

7.2707 and 1.0). When the .value of the expression is determined at 

these two values, the line joining the two values of the express~on 

provides the improved value of the root by. its intersection of the f! 

axis. This value is then used as the upper value to replace the previous 

upper value.of 7.2707. However, in the programming of the method, the 

value of E was in effect multiplied by lOO.A convergence limit of 0.1 

was also set. As a result of this, a value of 2.3528 was obtained for f!. 

It will be rioted from Figure A2 which is a computer output 

for the iterative solution, that the value of 2.3528 is the first 

iteration value obtained. This value provides a value of the expression 

inside the tolerance set by.the Bounded-False-Position method as 

programmed. With the tolerance set by the Newton-Raph.son solution, a 
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value of 3.01465 was obtained four iterations later. 

To illustrate the effect of the error in the values of the 

minimum reflux ratio, an example is given in Table A.3. This table 

gives the value of the minimum reflux ratio calculated by (a) the 

Underwood method incorporating the Bounded-False-Position method as 

incorrectly programmed and . (b) the Newton-Raphson method. The feedstock 

used in the example is a four component feedstock in which components 

B and C are the light and heavy keys respectively. 

When the dominant component is one of the keys, then the 

difference in values obtained by the two methods is not significant. 

However, when the dominant.component is not one of the keys, the error 

is highly significant. 
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TABLE A3. Comparison of Values of R . Calculated 
. . m1n 

-· 

by Incorrect Flowpack Programme and the 

Correct Values Given by Newton-Raphson. 

"" ~ § Feed 
8 §. Cornposi tion 

A 0.25 

B 0.25 

c 0.25 

D 0.25 

A 0. 7 

B 0.1 

c 0.1 

D 0.1 

A 0.1 

B 0.7 

c 0.1 

D 0.1 

A 0.1 

B 0.1 

c o. 7 

D 0.1 

A 0.1 

B 0.1 

c 0.1 

D 0. 7 

Value of Rrnin 

Bounded False· 
Position Newton-Raphson 

1.5018 1.4096 

1.0646 0.6799 

1.0079 1.0214 

5.2338 4.2334 

1.6377 3.4794 
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• 

Papers published. by Author in 

Field of Study. 
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APPENDIX AS Published Papers· 

The author has published three papers in the field of study. 

These are as follows: 

(i) Freshwater, D. C. ,and Henry, B.O. "Optimal Configuration 

of Multicomponent Distillation Systems". Paper 
-· 

presented to the Seventy-Sixth National Conference Of 

the American Institute of Chemical Engineers, Tulsa, 

Oklahoma, March 1974. 

(ii) Freshwater, D.C.,and Henry, B.O. "The Optimal 

Configuration of Multicomponent Distillation Trains". 

The Chemical Engineer, No. 301; 533-536, September, 1975. 

(iii) Henry, B.D. "Selection of Economic Process Routes for 

the Separation of Multicomponent Feedstocks by 

Distillation". The Institution of Engineers, Australia • 

• Fourth National Conference ·on Chemical Engineering: The 

Effective Use of Hydrocarbons Resources, Adelaide, 

August 1976. Preprints of Papers pp.46~5o (The Institution 

of Engineers, Australia National Conference Publication 

No. 76/6). 

... 
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APPENDIX A6: 

A6.1 Flowpack Input Data 

A6.2 Flowdist Input Data and typical Output 

A6.3 Cost Description of Programme and 

Flow Chart 

A6.4 Pslids Flowchart 

A6.5 Example of 'Flowpack' Output 

• 
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APPENDIX A6.1 - Flowpack Programme - Input Specification 

For this programme, the cards which constituted the data were: 

CARD 1 

CARD 2 

CARD 3 
-· 

CARD 4 

CARD 5 

CARD 6 

CARD 7 

. CARD 8 

This contains the word "DATA TITLE" beginning in column 2. 

The title of the program, 

The number of components. This is punched as number 

beginning in column 2. A maximum of 25 components is 

allowed. 

The key word "NAMES". This is· given only if the names 

of the components are to be supplied, 

The component names are now given each on a separate 

card. Each name may be of up to sixteen characters. 

'The key word "YES". This indicates ·that physical 

property data will. be supplied, 

The key word "ANTOINE" or "NGPA". This indicates 

whether Antoine coefficients or NGPA data is to be used 

for K value determination, 

The constants A, B and C are now given, the values 

for each component being on.a separate card. The 

Antoine constants·supplied should fit the equation 

B 

lege P = A . + c + T • • • • • • • ( 7) 

where P is the pressure in mm. Hg and T is the 

temperature in degrees centigrade. 

K values. determined by NGPA data are given. as 

K(i) = A(i) + B(i) .T + ~(i) .T2 + D(i) .T3 



CARD 9 

CARD 10 

CARD 11 

CARD 12 

CARD 13 

CARD 14 

CARD 15 
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The key word "NOMOLWT". ·This indicates that no 

molecular weights are supplied. 

The key word "HEAT". ·This indicates that enthalpy 

coefficients are to be supplied, 

The molar enthalpy coefficients for both liquid and 

vapor phases are now given, the data for each component 

being on a separate card; 

All eight coefficients for each component must be on 

the same card the liquid phase coefficients being 

given first. 

The coefficients should fit the equations 

• • • • • ( 8) 

. • • • • • (9) 

where HL and HV are the enthalpies Qf the liquid and 

vapor phase in kJ/kg mole; T is the temperature in 

degrees kelvin; L
1

, L2 , L3 and L4 are the coefficients 

for the liquid phase and v1 , v2 , v3 and v4 are the 

coefficients for the vapor phase. 

The key word "END". This indicates the end of the 

physical property data. 

The number of external streams to_ the process, 

This contains the unit number to which the external 

stream goes and the input number for the stream to the 

unit in that order, 

The total number of process units. The maximum number 

of distillation columns (units) is 10. 



CARD 16 

. CARD 17 
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This card contains the unit number, the unit type., the 

number of inputs to the unit, the number of outputs 

from the unit, the destination of output 1 in terms of 

the unit number it is going to and the input number for 

the stream, and the destination of Output 2 in the 

same form as Output 1, in that order. 

The unit numbers for distillation columns range from 

1 to 10 and the units should be numbered in the order 

in which the calculation is to be performed. 

The unit type number for a.distillation column is 7. 

The number.of inputs to a distillation column unit = 1. 

The number of outputs from a distillation column unit = 2. 

OUtput 1 is the top product from the distillation column 

and OUtput 2 is the bottom product from the column. 

From each output stream the unit ·number arid input number 

of the unit to which it. is joined must be specified. 

There is only one input to the distillation columns so 

the input number ii; always 1. If the output is to the 

environment the unit number is put equal to zero. 

A card of this type should be proyided for each process 

unit • 

This contains the unit parameter data fo~ the 

distillation column. A card of this type is required 

for each unit. 

The order of the data on the card is as follows: 

(1) Unit number 

(2) Light key component number 

(3) Heavy key component number 

(4) Fractional recovery of light key in the distillate 

(5) Fractional recovery of heavy key in the residue 

,, 



CARD 18 

CARD 19 

CARD 20 

CARD 21 
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(6) Pressure drop per plate 

(7) Reflux ratio as multiple of minimum reflux 

(8) Condenser indicator. The value is 1 for a total 

condenser and 2 for a partial condenser. 

The key word "MOLE". This indicates that the flow rates 

are to be given as molar flows/hr. 

The number of streams to be initialised. "initialisation" 

means the specification of the temperature 1 pressure 
1 

composition, of the feed stream. As there is only one 

feed to each configuration, the value for the number of 

streams to be initialised is 1. 

This card contains the data for the feed stream in the 

following order: 

(1) Unit Number -. the feed is from the environment, 

so the value is zero. 

(2) Output number - as the feed is from environment, 

the value is one. 

(3) Temperature of the Feed in degrees kelvin. 

(4) Pressure of the feed in N/m2• 

(5) The amount in Kg molesjhour of each component in 

the feed. The amounts are given in the order of 

the component numbers, the amount of component 1 

being first. 

This card contains the data for the calculation 

requirements. 

The order of the data on the card is as follows: 

(1) Method of solution - there are six methods for 

solving the equations in the program and the 

details of each are available in the FLOWPACK 

manual. ( 20) As there are no recycles in the 
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CARD 22 

CARD 23 

CARD 24 

CARD 25 

CARD 26 
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configurations we are considering, simple repeated 

substitution is the best method, so a value of 1 

should be given. 

(2) Accuracy required - a value Ior this of 0.001 was 

given. 

(3) .Maximum number of iterations - as there are no 

recycle streams, only one iteration is needed, but 

the value is set·equal to 20. 

(4) Intermediate Print Parameter - this controls the 

output of the results· from.the program. There are 

four. parameters in use. The value 3 is given'. This 

prints out the values of the temperatures, pressure 

and component molar ·:now ·rates. 

(5) Final Print. Parameter. The value is 1. This gives 

a print-out of molar flow rates and mole fractions. 

The key word "PARAM" •. The data for one calculation is 

complete when Card 21 is supplied. PARAM indicates 

that a new section of data is going to be provided in 

which the unit parameters. for the units have been changed. 

Number of units with parameter changes. 

The new unit parameters for each ·unit are now given. 

These cards are of the same type as Card 17. 

In. the project the initial unit parameters gave 99% 

recovery of all components, and the new parameters 

give 95% recovery of all components in the feed. 

Card 22 is repeated. 

Card 23 is repeated. 
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CARD 27 This contains the new values of the unit parameters 

for 90% recovery_ of all components. One card for 

each unit must be given and the card is of the same 

type as Card 17. 

CARD 28 The key word "YES". This indicates that new values· 

are going to be supplied for the unit parameters and 

for the feed stream specifications. 

CARD 29 Card 23 is repeated. 

CARD 30 · Card 17 is repeated. 

CARD 31 Number of streams to be changed. The value for this 

is 1. 

CARD 32 The new data for the feed stream is provided. The 

card is of the same type as Card 20. 

CARD 33 Card 22 is repeated. 

CARD 34 Card 23 is repeated. 

CARD 35 Card 24 is repeated. 

CARD 36 card 22 is repeated. 

CARD 37 card 23 is repeated. 

CARD 38 card 27 is repeated. 

The calculation ·for all three cases of recovery for the 

new feed stream, the data for which was provided in Card 32 has now 

been completed • 

. For every new feed stream, Cards 28 to 38 are repeated, 

the new data for the feed stream being given in Card 32. 
" 

If no more new feed streams are to be considered, the 

pr.ogram is terminated by giving the key word "NO" instead of "YES" 

in Card 28. 



206. 
APPENDIX A6.2: 

FLOW DIST PROGRAMME - INPUT SPECIFICATION 

The data is read in using "Free Format· (F.O.O) ". 

The arrangement of data for this program is as follows: 
•• 

CARD 1 The title of the program •. Any title of up to 72 

characters can be given beginning in column 1. 

CARD 2 The number of components. A maximum of 25 components is 

-. allowed. The format is I2. 

CARD 3 The component names are now given, each on a separate 

card and beginning in column 1. Each name may be of up 

to sixteen.characters. 

CARD 4 Depending on whether Antoine coefficients or NGPA data was 
\ 

being.used for the generation of the K values, the constants 

A, B and C to be read in represented the following: 

(a) Antoine Coefficients. These coefficients fitted the 

equation: 

lnP = A(i) · ·+ B(i) 
C(i) + T 

where P is the pressure in mm.Hg. and T is the temperature 

in degrees centigrade. 

(b) NGPA data. The coefficients fitted the equation: 

K(i) =.A(i) + B(i) X T + C(i) x T2 + D(i) X T3 

- CARD 5 The molar enthalpy coefficients for both liquid and vapour 

phases are now given, the data for each component being 

on a separate card. All eight coefficients for each 

component must be on the same card, the liquid phase 

coefficients being given first. The coefficients should 

fit the equations: 



CARD 6 

CARD 7 

CARD 8 

CARD 9 

CARD 10 

CARD 11 
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. 2 
L T3 HL = L

1 
+ L2 + L

3 
T + 4 

HV = Vl + V2T + v3 T2 + V T3 
4 

where HL and HV are the enthalpies of the liquid and vapour 

phase in J/Kg; T is the temperature in degrees kelvin; 

L1 , L2 , L3 and L4 are the coefficients for the liquid 

phase and vl, v2, v3 and v4·are the coefficients for the 

vapour phase (Free Format). 

The costing parameter is now given. If costing is not 

required read in a value of zero otherwise read in a value 

'. 
of 1 (Format I2) • If costing· is not r·equired the next 

data card will be CARD. 15. 

The molecular weights of the components, each one,being 

given on a separate card (Free Format) • 

The liquid density coefficients for the components. All 

four coefficients o1 , D2 , o
3

,· and o4 are punched on the same 

card and a separate card is required for each component 

(Free Format) • 

The coefficients should fit the equation: 

2 3 
DL = Dl + D2T + D3T + D

4
T 

where DL is the density of the liquid in Kg/ffi3 and T is 

.the temperature in degree.s· kelvin. 

The values for the Flood Factor and System Factor are read 

in. (Free Format) ; (The values normally used are 0. 7 and· 

1.0 respectively). 

The service life of equipment in years (Format I2). 

The two coefficients for the vapour capacity factor equation 

and the two coefficients for the vapour capacity factor limit 



CARD 12 

CARD 13 

CARD 14 

CARD 15 

CARD 16 
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point. equation are given on the same card with the 

vapour capacity factor equation coefficients being 

given first (Free Format). 

(The vapour capacity factor equation coefficients are: 

Fl = 0.46000 F2 = -0.01500 

The vapour capacity factor limit point equation coefficients 

are: 

F5 = 0.60809 F6 = -0.06182 

The overall heat transfer coefficients for the condenser 

and reboiler, in W/rn2°K in that order (Free format). 

This contains the cost data in the following order 

(Free format): 

(1) The cost of a distillation column with dimension 

parameter of 100. 

(2) The cost of a tray with an area of 9.29 m2 

(3).The cost of· a heat exchanger with surface area of 

2 92.9 m • 

(4) The cost of 4546 litres of cooling water. 

(5) The cost of 453.5 Kg·of steam. 

(6) The cost of 4546 litres of chilled water. 

This contains the slopes of the cost curves in the 

following order (Free format) : 

(1) Slope of dimension parameter Vs. column cost curve 

(2) Slope of tray area Vs. cost curve 

(3) Slope of heat exchanger surface area Vs. cost curve. 

The total number of process units (Format I2). 

This contains the unit numbers to which the distillate 

and bottoms streams. go. The destination of the distillate 

strearn.is·given first (Format 2I2); 
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If the. distillate stream is a product stream, the 

' unit number if put equal to zero, i.e. LT(I)=O. 

If the bottoms· stream. is a product stream, the unit 

number is put equal· to zero, i.e. LB(I)=O. 

CARD 17 .. This card contains the data for the feed stream to 

unit number 1 in ·the following order (Free Format): 

(1) Temperature of the feed in degrees centigrade 

(2) 2 Pressure in N/m • 

(3) The amounts in Kg. moles/hour of each component in 

the feed. The amounts are given in the order of 

the component numbers, the amount of component 1 

being first. 

CARD 18 This contains part of the unit parameter data for the 

distillation column. A ca.rd of this type, 5. ,, required 

for each unit. The order of the.~ta on the card is 

as follows (Format 3I2): 

(1) Light key component number 

(2) Heavy key component number 

(3) Condenser indicator. The value is 1 for a total 

condenser and 2 for a partial condenser. 

CARD 19 The rest of the unit parameter data for the distillation 

column is given on this card. A card of this type is 

required for each unit. The order of the data is as 

follows (Free Format): 

(1) Fractional recovery of· light key in the distillate 

(2) Fractional recovery of heavy key in the bottoms 

(3) Pressure drop per plate 

(4) Relux Ratio as mul~iple of minimum reflux. 
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CARDS 18 & 19 are repeated for each unit' as follows: 

Card 18 for unit 1 

Card 19 for unit 1 

card 18 for unit 2 

Card 19 for unit 2 and so on. 

,. The value of.the parameter KEY is now given. This is a 

parameter for the reading in of further data (Format I2) 

(1) KEY = 0 

No further data to be read in - Program stops 

(2) KEY = 1 

New'unit parameters are to be read in. 

Data cards 18, 19 and 20 are repeated. 

(3) KEY = 2 .. 
New unit stream is to be initialised. 

Data cards 17, 18, 19 and 20 are repeated. 

(4) KEY = 3 

New process topology is to be read in 

Data cards from CARD 15 to CARD 20 (both inclusive) 

are repeated. 
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APPENDIX A6.3 - The Program "Cost'.' 

The program COST, was used to ca:dcy out the costing calculations 

for a distillation column, condenser and reboiler. 

All the costs are in.pounds sterling. The program COST is 

in three parts, the master program cosr and the subroutines DATAR 1 

and COSCA 1. 

MASTER COST 

This reads in the data which is common for·all the runs to be 

made. The data which is read in is as follows: 

(1) the number of components in the feed to the distillation 

column. 

(2) The molecular weight of each component in the feed. 

(3) The liqui9 density coefficients for each component in the 

feed. 

(4) The coefficients for the vapourcapacity factor equation. 

(5) The coefficients for the vapot1rcapacity factor limit point 

equation. 

(6) The flood factor. 

(7) The system factor. 

(8) The cost of a distillation column with dimension parameter 

of 100. 

(9) The cost of a distillation column tray with an area of 

(1) 

(11) 

(12) 

(13) 

(14) 

(15) 

2 9.29 m • 

2 The cost of a 92.9 m surface .area heat exchanger. 

The cost of a 4546 litres of cooling water. 

The cost of a 453 Kg of 690.kN/m2 steam. 

The cost of a 4546 litres of .chilled water. 

The slope of the column dimension parameter vs cost curve. 

The slope of the tray area.vs cost curve. 
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(16) The slope of heat exchanger surface area vs cost curve. 

(17) The overall heat transfer coefficients for the condenser and 

reboiler. 

(18) The service life of the equipment in years. 

It also reads in the number of runs which are to be made 

and for each run the two subroutines DATAR 1 and COSCA 1 are called 

up in'turn. 

SUBROUTINE DATAR 1 

• This subroutine reads in the data for each run. The 

following data is required for this subroutine: 

(1) 

(2) 

(3) 

(4) 

(5) 

(6) 

(7) 

(8) 

(9) 

(10) 

(11) 

The feed to the distillation column in Kg Moles/hour. 

The top product from the column in Kg Moles/hour. · 

The bottom product from the column in Kg Moles/hour. 

The reflux ratio. 

The mole fraction of each component in the bottoms product. 

The number of theoretical plates in the column. 

The top temperature of the column in degrees kelvin. 

The bottom temperature of the column in degrees kelvin. 

2 The column pressure in N/m • 

The condenser heat load in GJ(hour. 

The reboiler heat load in GJ/hour. 

SUBROUTINE COSCA 1 

This subroutine performs all the calculations for the cost 

of equipment, steam and water. The costs for the equipment are summed 

to. give the total. major equipment. cost and the total yearly 

operating cost is also calculated. 

The assumptions made in this subroutine are: 

1. The vapcurobeys the ideal gas laws. 
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2. Constant molal overflow is assumed in the column. 

3. The diameter of the column is based on the vaprur flow 

at the top of the column. 

4. Tray efficiency is 60%. 

5. Tray spacing is 61 ems. 

6. The tray area is 85% of column area. 

7. It is assumed that the equipment is operated all the year. 

8. All equipment is considered to be carbon steel. 

The design procedure adopted for the design of the columns 

is in accordance with the Glitsch Ballast Tray Design Manual arid 

will not be described in this Thesis. 

Calculation of the cost of the distillation column 

The diameter of the column is multiplied by the height to 

give the dimension parameter VT. The cross sectional area of the 

column is calculated and the tray area TA is taken to be 85% of it. 

The cost of the column is now calculated using the equation 

CT = Cl x 
(VT)El + 

(lOO) 

(C . tTA) E2 

( 2 (lOO) X M •••••• (15) 

The cost data provided for the cost of equipment is the 

cost in 1969, so this is multiplied by 1.505 which is the ratio of 

the Process Engineering Cost Indices for 1969 and 1973. 

The overall heat transfer coefficient, u, for the condenser 
. 2 

has been taken as 567 W/m °K.. The surface area of the condenser, A, 

is then calculated using the formula 
' 

A = Q 
U X TD 

If the sUrface area of the condenser comes out to be greater 

than 929m2 the area·is divided by two and the cost is calculated 
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for the heat exchangers with the new areaandmultiplied by two. 

The cost equation used for the condenser is of the same 

type as used for the column, that is 

cc 
E 

( A ) 3 = C3 ( 1000) 

The cost is. updated by multiplying by 1.505. 

Calculation for the cost of the Reboiler 

2 . 
690 kN/m steam is used as the heating medium in the 

reboiler and its temperature is 170°C. The log mean temperature 

difference in this case is calculated by the equation 

TB = 170 - T 

The rest of the method is similar to that used for the 

costing· of the condenser. 

equation 

Calculation of cooling water cost 

The cooling water cost per_year is calculated using the 

cw = 
24 X 365 X C4 X HC 
lOOO.x DT x 8.33 

The cost of chilled water is presented as cooling water cost and is 

calculated by a similar equation, the only difference being that c4· 

is replaced by C6. 

Calculation of Steam cost 

The cost of steam per year is calculated using the equation 

CS= 
24 X 365 X CS X HR 

1000 X 1000 
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·calculation·of Total Major Equipment Cost and Total 

· 'Yearly·operating·cost 

The costs for the distillation column, condenser and reboiler 

were summed up to give the total major equipment cost, CE. 

The· installation cost for the equipment was ·taken to be 

equal to 3 times the major·equipment cost, therefore the total cost 

of equipment and installation is equal to four times the major 

equipment cost. The equipment~as assumed to be depreciated in 10 years 

and the total yearly operating cost was then calculated by summing 

the depreciation cost per.year, cooling water and steam costs. The 

equation for total yearly operating cost· is 

CO = 
(.4 X CE) 
( z ) +CS+CW 

ARRANGEMENT OF DATA CARDS 

All .the data is punched out on cards and free format has 

been used for the data except in cases where some other format is 

mentioned. 

CARD 1 The number of components in the feed mixture to the 

configuration. The format is.I2. 

CARD 2 The molecular weight ·for the component. 

CARD 3 The liquid density coefficients for the.component. 

All fou~ coefficients are punched on the same card. 

Cards 2 and 3 are repeated for each component in the feed. 

CARD 4 The two coefficients for the vapaurcapacity factor equation. 

CARD 5 The two coefficients for the vapourcapacity factor limit 

point equation. 

CARD 6 The flood factor and the system factor. . . . 

CARD 7 This contains the cost data in the followin.g orcler: 



CARD 8 

CARD 9. 

CARD 10 

CARD 11 

CARD 12 

CARD 13 

CARD 14 

CARD 15 
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(1) The cost of a distillation column with 

dimension parameter of lOO. 

(2) The cost of a tray with an area of 9.29 m2 

(3) The cost of a heat exchanger with surface area 

(4) 

(5} 

(6} 

This 

2 of 92.9 m • 

The cost of 

The cost of 

The cost of 

contains the 

following order: 

4546 litres of cooling water. 

453.5 Kg of steam. 

4546 litres of chilled water. 

slopes of the cost curves in the 

(1) Slope of dimension parameter vs column cost 

curve. 

(2) Slope of tray area vs cost curve. 

(3} Slope of heat exchanger surface area vs cost. curve. 

The overall.heat transfer coefficients for the condenser 

and reboiler, in w/m2 •K, in that order. 

The service life Of equipment in years. The format is I3. 

The number of runs to be made. The format is I3. 

This contains the values of the feed, distillate and 

bottoms flow rate and the reflux ratio for the column in 

that order. All flow rates are in Kg Moles/hour. 

This contains the mole fraction of all components in the . 

bottom product from the column in the same order as the 

molecular weights have been given. 

The number of theoretical plates in the column, the 

temperature of the bottoms and the top product in degrees 

centigrade, and the pressure in N;m
2 

are set out in that 

order. 

The condenser and reboiler heat loads, in GJ/W hour in that 

order. 
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Cards 12 to 15 are repeated for each r~n to be made. 

A print-out of the programme is given in the Appendix. 

Flood Factor = 0.7 

System Factor = '1.0 

Cost Data: 

Cost of distillation column -· dimension 

parameter of lOO 

2 Cost of a 9.29 m tray 

2 
Cost of a 92.9 m heat exchanger 

Cost of 4546 litres of cooling water 

Cost of 4546 litres of' chilled water 

Cost of 453.5 of steam 

Slope of column dimension parameter 

vs cost curve 

Slope of tray area vs cost curve 

Slope of heat transfer area vs cost curve 

OVerall"Heat Transfer Coefficients 

For Condenser: 

For Reboiler: 

567.8 W/m20.K 

W/m
2

°K 709 

Service life of equipment = 10 years 

= £ 1200.0000 

= £ 270.0000 

= £ 2625.0000 

= £ 0.0900 

= £ 0.1800 

= £ 0.5000 

= 0.4310 

= 0.9230 

= 0.6330 
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APPENDIX A6.3. 

MASTER COST 

START 

Read number o:t; components, 
N 

Write N 
• 

For I = 1, N 

Read molecular weight and liquid density 
coefficients for each component and write. 

Read Flood Factor and 
System Factor and write • ' 

.. 

" Read cost data for equipment and utilities, 
and slope of cost curves and write. 

' 
. 

Read overall heat transfer coefficients 
for condenser and reboiler and write. 

• I 

! 

Read service life of equipment 
and write . 

. 
.•. 

/ 
2 r 
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I 2 I 

Read number of runs, III 

For II = 1, III 

' 
. ~ 

Call DATAR l 

. 

Call COSCA 1 

•. 

CONTINUE 

. 

I END 



. . ' . 
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SUBROUTINE DATAR 1 

• 

Read flow rates for feed, bottom and top 
products and reflux ratio and write. 

. 

Read mole fractions of the components in 
the bottom product and write. 

Read the number of theoretical plates ·in 
column, the bottoin and top temperatures 

and pressure and write .. 

. . 

Read the heat loads for condenser and 
reboiler and wri.te. 

RETURN 

I END I 
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SUBROUTINE COSCA 1 

I START 

Convert bottoms temperature to 
OF 

Compute vapor molecular weight, 
VMW and Vapor Density DV. 

WRITE DV ' 

Compute density of pure liquid 
for each component. 

..:. 
Compute the volume fractions of 
each component in the bottoms. 

Compute liquid density DB by summation 
of the products of volume fractions of 
the components and their densities. 

•. 

WRITE DB 

• 
Compute Vapor rate, VR 

lz' I I 

-



" 
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Compute Vapor Load VL 

Compute Vapor Capacity Factor 
CAP from coefficients. 

Compute Vapor Capacity Factor 
CA2 ~for limit point case. 

YES 

NO-

CAl = 100.0 

YES 

NO 

CAP= CAl 

•• 

Compute Vapor 
Capacity Factor 

CAl 

NO NO 

I 

I 

I 

I 

.I 
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~ -
I 3 I 4- l 

T . T 
Correct CAF for effect ICAF CA2 I I of foaming 

~ 

I 

· .. 

WRITE CAF 

.. 
Compute minimum cross sectional 

area of column ATM 
. .. 

Compute diameter of column DT 

WRITE DT 

Compute number of actual plates. 
in column 

Compute height of column, HT 

.. 
WRITE HT 

• 

Compute dimension parameter, VT 

( 5 J 

-
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r 
( 5 ) 

T 
9ompute cross sectional area 

of column CA 

... 
. . .. 

Compute Tray area TA 

Compute cost of column CT 
and update 

. 

. 

WRITE CT 

convert top temperature TT 
- into OF .• 

IS YES 
TT < ll0°F Compute log mean 

. 

temperature 
difference using 
chilled water 

NO 

Compute log mean temperature difference 
using cooling water 

. 

compute surface area of condenser AC 

'-

I G } 
-
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NO 

Compute cost of condenser, CC 

Update cost of condenser 

WRITE CC 

Compute surface area AR, for reboiler 

YES 

NO 

Compute cost of reboiler, CR 

Compute cost of 
condenser and 
multiply by 2 

) 

AR = AR/2 

Compute cost of 
reboiler CR and 
multiply by 2 
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/""\ 
I 7 ) 

Update cost of reboiler and 
WRITE CR 

. 
IS 

YES TT < 110°F Compute 
chilled water 
cost, cw 

.,. 

NO 

Compute cooling water cost, cw 

.. 

WRITE cw 

Compute steam cost, CS 

.. 

WRITE CS 

Compute total major equipment cost 
. 

WRITE CE 

I 8 } 

-
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-/· 
18 ) 

T 
Compute total yearly 
operating cost, CO 

. 

WRITE CO 

't 

RETURN 

. 

. . 

l END l ' 
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APPENDIX A6.4 - PROGRAMME PSLIDS 

Simplified COmj2Uter Flowchart 

START 

.. 

READ DATA 
Number of Components, Total molar flowrate, 

Recovery Specifications, Molecular weights of 

Reference Components, Regression·coefficients 

for 'K' values and liquid~ and vapour enthalpies 

of referencE:> components. 

\ 

• 
Read Number of Relative Volatility 

cases to be studied 

'I 
. -

Read Relative volatility for :z A to B and for B to c 

~ -
Read Number of Feed Compositions 

~ -
Re·ad Feed Composition 3 

,, . 
.. ~ 

I 

Compute Bubble Point temperature for given 

feed composition and relative volatility 

J_ 

(4 
'\.. -
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I 5 .) 

Compute for Column one direct amounts of 

components in both products assuming non-

distribution of non-key components 

Compute dew point and bubble point 
temperatures of overhead and bottoms products 

respectively 

Compute relative volatilities at these 
temperatures 

. 

compute. geometric mean of these relative 
volatilities 

' 
. 

.. 
. 

Compute Total Reflux Ratio using Fenske's 
Method and Winn's mcdification· 

·. 

. 

Compute distribution of non-key components 
at Total RefluX conditions 

I b I 
" - ' 
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I (- 4 I 230. ,. 
' 

! 

; 

,. 

Compute K value of components A, Band C 

at bubble point temperature 

~ 
Compute ratio given in Table 5.1 to be 
used to generate K values over temperature 

range for Components A and B 

' 

Call Flow l to generate K values 
regression coeffici.cnts for pseudo 
components A and B 

Compute K values for pseudo components 
A and B over required temperature range 

Compute liquid and vapour enthalpies using 
above ratio over required temperature range, 
for pseudo-components A and B 

b 
Call Flow 1 to generate regression ' 

coefficients for liquid and vapour 
enthalpies for pseudo-components A and B 

,, 
. .. 

-!, 

Compute coefficients for Component C 

j_ 

( 5 ) 
·-· ' 
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Compute product compositions 

YES 

Compute Minimum Reflux Ratio-using 
Underwood Method incorporating 
Newton-Raphson Iteration method 

Compute Overhead Product Vapour 
Flow rate 

Compute enthalpies of both products, 
feedstock to column, condenser heat 
load and then by difference, the 

reboiler heat load 

Repeat steps from· (5) for colu.rtm two 
direct, column one ·indirect and 

column two.indirect 



........ 
232. 

( 7 I 

Compute sum of vapour loads , condenser and reboiler 
• 

heat loads for two columns"in each configuration. 

Compute percentage difference relative to 

configuration one of over~ad vapour loads, 

condenser and reboiler heat loads. 

. Compute the difference in the reciprocals of the ,, 
dew point and bubble point temperature of all .. 

columns 
. 

Compute the product of the overhead vapour flow 

rate and the difference in reciprocal temperature 

calculated to give Thermodynamic New Work 

Consumption for each column 

Compute the percentage difference relative to 

configuration one between the Thermodynamic Net 

Work Consumption values. 

Compute Indices - Rudd and Tedder•s, Heaven's 
I 

... 
. 

I:.. 

I 8 ) 
-



233. 

Write following Results:-

"Relative volatilities ·A to B 

B to c 

Feed Composition 

Feed Bubble Point Tempe·rature 

Indices: ESI Heavens 

Regression Coefficients Kvalues 

Liquid and Vapour enthalpies 

Material Balances 

Dew point and Bubble point temperature 

for all columns 

Relative Volatilities· for.all Columns 

Reflux Ratios " " " 
Minimum Stages ... " ... 
Theoretic~l Stages " 

... 
" 

Underwood Parameter " " " 
Vapour Loads ... " " 
Reboiler Heat Loads " " " 
Condenser Heat Loads " " " 
Overhead Vapour Load " " " 
Overall Results - Differences in Percent 

Condenser and Reboiler Heat Loads, Vapour 

Loads and Thermodynamic Net Work 

Consumption 
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equal to total 

considered 

YES 

relative 

considered 

YES 

STOP 



... 
A 6.5 Example of 'Flowpack' Printout 
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' ---------------~----~-COIIP0 1JE"'T 
1 I SO~SIJT.\•.!E 
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CC'l'HIGIIRATION:~ 

TOTAL REROILER LOAD 
TOTAL~VEA~LY OpERATtNG 

= 
COST = 

6732395,22 
253769,89 

' 
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