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Abstract’
In this study, membrane crystallisation is compared to conventional gas-liquid crystallisation
for the precipitation of ammonium bicarbonate, to demonstrate the distinction in kinetic
trajectory and illustrate the inherent advantage of phase separation introduced by the
membrane to crystallising in gas-liquid systems. Through complete mixing of gas and liquid
phases in conventional crystallisation, high particle numbers were confirmed at low levels of
supersaturation. This was best described by secondary nucleation effects in analogy to mixed
suspension mixed product removal (MSMPR) crystallisation, for which a decline in population
density was observed with an increase in crystal size. In contrast, for membrane
crystallisation, fewer nuclei were produced at an equivalent level of supersaturation. This
supported growth of fewer, larger crystals which is preferred to simplify product recovery and
limit occlusions. Whilst continued crystal growth was identified with the membrane, this was
accompanied by an increase in nucleation rate which would indicate the segregation of
heterogeneous primary nucleation from crystal growth, and was confirmed by experimental
derivation of the interfacial energy for ammonium bicarbonate (o, 6.6 mJ m=2), which is in
agreement to that estimated for inorganic salts. The distinction in kinetic trajectory can be
ascribed to the unique phase separation provided by the membrane which promotes a counter
diffusional chemical reaction to develop, introducing a region of concentration adjacent to the
membrane. The membrane also lowers the activation energy required to initiate nucleation in
an unseeded solution. In conventional crystallisation, the high nucleation rate was due to the
higher probability for collision, and the gas stripping of ammonia (around 40% loss) through
direct contact between phases which lowered pH and increased bicarbonate availability for
the earlier onset of nucleation. It is this high nucleation rate which has restricted the
implementation of gas-liquid crystallisation in direct contact packed columns for carbon
capture and storage. Importantly, this study evidences the significance of the membrane to
governing crystallisation for gas-liquid chemical reactions through providing controlled phase
separation.
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1. Introduction

Chemisorption is a mature technology in the oil and gas sector where packed columns are
used for carbon dioxide (CO,) separation in natural gas sweetening, and has seen wide-scale
investigation for post-combustion carbon capture and storage (CCS), and biogas enrichment
for the production of biomethane' 2. Ammonia (NHs3) has been identified as an excellent
substitute for organic amines that are ordinarily used to provide the chemical reaction?, since
it delivers three times the absorption capacity, it is non-corrosive and does not degrade*®.
Whilst NH3 provides the initial chemical reaction with CO, leading to the formation of
ammonium carbamate:

CO3(aq) +NH3NH,COOH (1)
the overall reaction is best represented by the ionic bond which forms between ionised
ammonium (NH,*) and bicarbonate (HCOy3), to produce ammonium bicarbonate (NH,HCO,)®:
NH4i (D) + HCO3 ()©NHLHCO3(s) (2)
Provided concentration of the reactants exceed the solubility product of the salt, crystallisation
of NH,HCO; can be achieved. The crystallisation of ammonium bicarbonate has been
investigated for inclusion into chemisorption of CO, as a method to lower the absorbent mass
flow to regeneration. This reduces the process heat demand’. However, management of the
crystalline solid product within packed columns was difficult, resulting in clogging of the
packing?.

McLeod et al.® demonstrated the feasibility of crystallising ammonium bicarbonate at
the membrane-liquid interface (shell-side) in a chemically reactive membrane crystallisation
reactor (CR-MCr) for biogas upgrading, where the CO, partial pressure is ordinarily higher
than identified in CCS. In this configuration, a hydrophobic microporous membrane achieves
sustained separation of the two phases whilst permitting CO, to diffuse through gas filled pores
before absorption at the membrane-solution interface®. It was proposed that the control of
nucleation and crystal growth of ammonium bicarbonate in the segregated liquid phase would
simplify the recovery of the crystalline phase. Their study provided the first evidence of
membrane contactors for chemically controlled crystallisation in a gas-liquid system. In
analogy to membrane crystallisation reactors (MCr) that conventionally use osmotic or thermal
gradients to achieve saturation, it is suggested that by providing a more homogeneous
distribution of the concentration gradient across the membrane boundary, better control of
supersaturation can be mediated to improve control over nucleation''. A unique contribution
of the chemically reactive MCr is the counter-diffusional driving force of NH; and CO, that
results in supersaturation of the boundary layer which differs markedly from the mixing of two
fluids in a packed column, being more analogous to conventional batch crystallisation'?. For

classical membrane crystallisation, the high contact angle of the membrane substrate reduces
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the solid-liquid interfacial tension such that the reduction of the energy barrier is sufficient to
initiate critical nucleus formation®'. In principle, this combination of a developing
concentration gradient at the pore mouth where solid-liquid-gas intersect, and the reduction in
free energy promotes the onset of primary heterogeneous nucleation, improving control over
the kinetic trajectory and thus control of ammonium bicarbonate crystallisation. Whilst this
concept has been proposed, the mechanism has not been explicitly evaluated and the
differentiation between the kinetic trajectory provided by the membrane for crystallisation
versus conventional crystallisation methods has not been clearly articulated. In this study, we
therefore seek to demonstrate the promotion of primary heterogeneous nucleation in
chemically reactive membrane crystallisation through using conventional crystallisation
technology as a reference to evidence the distinction provided in kinetic trajectories for
nucleation and crystal growth by chemically reactive MCr. The following objectives are
proposed: (i) Characterise and compare the kinetic trajectories in conventional and membrane
assisted crystallisation technologies for ammonium bicarbonate formation; (ii) Seek to
differentiate the nucleation mechanism, including primary and secondary effects; (iii) Establish
why distinct kinetic trajectories exist for a CO,-NH;-H,O crystallisation solution; and (iv)
Quantify product yield and the fate of the nitrogen fraction to evidence any differentiation in

the thermodynamic limit for nucleation and growth between the two technologies.

2. Materials and methods

2.1 Fabrication, equipment setup and operation

A Perspex cell was constructed to house a single polypropylene hollow-fibre membrane within
a 12mm wide channel (height 5 mm). The hydrophobic microporous membrane provided an
interface between the gas phase (CO,) and the liquid phase (ammonia solution) to permit
indirect contact of the two phases. By repelling the aqueous phase, and permitting only the
CO; gas to diffuse through the pores. The membrane comprised a nominal pore size of 0.2
pm, fractional porosity of 72% and solid-liquid contact angle (6,a¢r) of 117° (Membrana GmbH,
Wuppertal, Germany; Table 1). A laminar mass flow controller (0.01-1 L min-', Roxspur
Measurement and Control Ltd., Sheffield, UK) introduced carbon dioxide (99.8%, BOC gases,
Ipswich, UK) into the lumen of the hollow-fibre at a flow rate of 1000 ml min-'. The gas flow
rate was elevated to ensure negligible resistance to mass transfer provided by the gas phase,
and the gas velocity was arbitrarily chosen (gas velocity, 14.7 m s'). Ammonia solution was
recirculated on the shell-side of the membrane between the feed vessel and membrane
crystalliser at 200ml min-' (batch operation) with a peristaltic pump (520Du, Watson-Marlow
Ltd., Falmouth, UK). The mean residence time in the membrane crystalliser was 3.3s (shell-
side priming volume, 11mL; Qgheisige, 200 mL min-'). This generated a localised shear rate of

22 s at the membrane wall. The total solution volume (comprising the priming volume,



pipework and downstream vessel) was 200 mL. Consequently, the mean fluid residence time
within the downstream vessel was less than 45s. Supplementary mixing was also provided to
the vessel by inclusion of a 15mm magnetic stirrer bar, operated at a rotational speed of
around 100 rpm to ensure complete mixing” Absorbent temperature was maintained at 5+1°C
using a chiller (R1 series, Grant Instruments Ltd., Cambridge, UK). Thermocouples (K-type,
Thermosense Ltd., Bucks, UK) were sited upstream and downstream of the cell to record both
gas and liquid temperatures.

A conventional gas-liquid batch crystallisation process was developed similar to that
proposed'? for the industrial manufacture of ammonium bicarbonate from carbon dioxide and
ammonia. Conventional gas-liquid crystallisers promote the direct mixing of the two phases
by bubbling the gas phase (CO,) through the liquid phase (aqueous ammonia). Carbon dioxide
(99.8%, BOC gases, Ipswich, UK) was introduced into a jacketed Duran bottle (500 mL,
Soham Scientific, Fordham, UK) through a sintered glass disc diffuser (Hamilton Glass
Products Ltd., Surbiton, UK) at 200 mL min-'. TheCO, flux was normalised to diffuser surface
area (3x104 m?2). Aqueous ammonia (200 mL) was refrigerated at 5x1°C by cooling with
glycerol which recirculated through the glass jacketed feed vessel (R1 Series, Grant
Instruments Ltd., Cambridge, UK). Whilst mixing was primarily mediated by gas mixing
(Appendix A), the solution was agitated to mix the bulk solution. Due to the restricted solution
volume (200mL), the need to retain a gas tight assembly, and limited space for inclusion of an
overhead stirrer in the reactor lid, a magnetic stirrer bar was used. The 15mm stirrer bar, was
operated at a rotational speed of around 100 rpm (Fisher Scientific, Loughborough, UK).
Thermocouples were sited within the gas and liquid phase (K-type, Thermosense Ltd., Bucks,
UK) (Figure 1).

2.2 Chemical preparation, sampling and analysis

Aqueous ammonia solutions were prepared by diluting ammonia (35% Fisher Chemicals,
Loughborough, UK) into de-ionised water (15.0 MQ cm-") to fix concentration between 2.6 and
6.3 molyys L. Solution pH was adjusted to pH 10 through addition of hydrochloric acid (HCI,
37%, Fisher Scientific, Loughborough, UK) as commonly employed in aqueous ammonia
packed column processes’. Ammonia concentration was quantified using a proprietary
ammonium cell test which pre-acidifes the sample to guarantee quantitation of both nitrogen
fractions (NHi/NH,*, VWR International Ltd., Poole, UK). Quantitation was by
spectrophotometry (Spectroquant Nova 60, Merck-Millipore, Darnstadt, Germany). Gas flow
rate was measured using a bubble flow meter (SKC, Blandford Forum, UK; Restek, Bellefonte,

US) and the data used to determine CO, flux (Jcoz, mol m2 s):

(Qg,in— Q6,0ue) X 273.15 x 1000
Jeoz = 224 % AnTe (3)




where Qg i and Qg .y are the inlet and outlet gas flow rates (m® s-') respectively, 4, is the
membrane surface area (m?) and T; is the gas temperature (K)'*. The development of
bicarbonate in solution was determined by UV absorption at 215nm™ using UV/Vis.
Spectrophotometry (Jenway 6715, Cole-Parmer, Stone, UK). Crystal size distribution (CSD)
was determined for each level of supersaturation (C/C*) using sacrificial experiments
undertaken. For each supersaturation level, sacrificial experiments were undertaken in
triplicate, using a new membrane each time. Prior to analysis, the absorbent was filtered
through a 0.45 pm filter and weighed (Whatman, Camlab Ltd., Cambridge, UK). The crystals
were then immersed in anhydrous alcohol to minimise agglomeration'? and transferred onto a
microscope slide consisting of a 1 mm grid for determination by optical microscopy (Optech
Microscope Services Ltd., Thame, UK) using a digital camera (Infinity 3, Lumenera, Ottawa,
Canada). Images were analysed with image processing software (Image Pro Plus, Media
Cybernetics, Cambridge, UK) to determine crystal number and size. Each image analysed
corresponded to around 50 crystals and at least 600 crystals were classified to minimise
standard error of the CSD"".

2.3 Crystallisation kinetics

The probability for preferential heterogeneous nucleation can be described by'8:

AGhet (1 + cosB)? 3
Y 0.25(2 + cos8)(1 — cosB)?|1 — €1~ cos0)? 4)
where AG het @and AGyom (J molecule ) are the Gibbs free energies of heterogeneous and

homogeneous nudeation, (°) is the contact angle at the liquid-membrane interface, and

(%) is the fractional porosity of the membrane. The kinetics of nucleation and crystal growth
were determined by'9:

G=K(;(cfm—c*)g ()
B = KpG" (6)
Where G (m s) is the crystal growth rate, B (N° s*' m3) is the nucleation rate, Kg (kg9 m39*!
s') is the kinetic rate constant for crystal growth, Kg (No m=3® s-'*b) is the nucleation rate
constant, ¢, and c* (kg m3) represent the CO,(aq) concentrations adjacent to the membrane
surface and the equilibrium-saturated concentration at the membrane wall. Exponents g and
b can be experimentally determined through linear regression. If the crystal growth rate is
defined as the size variation from L(m) at time t to L+AL at t+At, then the average crystal
growth rate G, over the time interval At (s), can be calculated through the linear equation?°:
G(Lt) =AL/At (7)
where G can be experimentally determined at different time intervals and equation 5 converted

into its logarithmic form to find Kg and g from the intercept and gradient respectively:



log G =log K; +glog (cfm—c™) (8)
In analogy to the growth rate, the nucleation rate can be determined by:

B(L,t) =AN/At 9)
where AN is the difference in crystal number (N° m3) across At. The logarithmic form of
equation 6 is then used to determine Kg and b from the intercept and gradient respectively:
log B =log Kg +blog G (10)
According to the classical nucleation theory, the primary nucleation rate (B) is related to
supersaturation (S, c¢q,/c*) by:

B =aexp () (11)

The exponential component represents the free energy barrier for critical nucleus formation,
the formation of the nucleus, with b (dimensionless) representing the thermodynamic
parameter for nucleation, while the kinetic parameter a (N° s' m-3) represents the rate at which
the barrier is crossed?'. From linearisation of equation 11, b and a can be estimated from the
gradient and intercept respectively of the plot between In B and In2S. Assuming

heterogeneous nucleation, then b can be used to determine the interfacial energy (g, J m=2)?2:

P16ma6?
T 3(kgT)?

(12)
where 6 is the NH,HCO; molecular volume (8.26x102° m3), kg is the Boltzmann’s constant
(1.38x1022 J K, T is absolute temperature (278.15 K) and @ = AGo/AGhom (~ 0.6) the factor
which accounts for the reduction of the Gibbs free energy of the system due to the
heterogeneous nucleation on hydrophobic microporous membranes (Equation 4, Table 1). For
conventional crystallisation primary and secondary nucleation effects are difficult to
discriminate, due to an increased probability the generation of secondary nuclei in the same
domain where primary nucleation was initiated?32425, Consequently, interfacial energy was
determined for conventional crystallisation in this study through the method of Nakai which

takes into account both primary and secondary nucleation25-27:

Bo
oy (13)

where K is a dimensionless parameter dependent on solute (CO;) concentration and B (m?) is

the geometric factor describing the ammonium bicarbonate crystal?®:

Pcube

Beuve = 7,Bsphe‘re (14)

Psphere

where the ratio Qcune / Psphere iNtroduces a normalisation to shape factor, whilst Sppere can be

expressed as a function of NH;HCO3; molecular volume:

_ oy L33
,Bsphere_ (4‘7T) (39) (15)
For reference to the experimentally determined data, the interfacial energy for primary

nucleation of ammonium bicarbonate can be determined according to?:
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where y is interfacial energy (J m=2), V,, is molecular volume (m3® molecule'), M is the

concentration of crystals in suspension (kg m) and ¢, is the equivalent concentration.

3. Results

3.1 Carbon dioxide absorption chemistry during conventional gas-liquid batch crystallisation
Peak CO, flux of around 0.55 molCO, m2s-' was recorded at the outset of absorption (Figure
2). A similar flux was sustained in this initial phase up to a supersaturation ratio (C/C*) of 0.5
after which CO, absorption reduced rapidly to 0.3 molCO, m2s-'. The CO, flux then gradually
declined over time (Figure 2). Whilst similar initial fluxes were recorded for each ammonia
concentration, slightly higher CO, fluxes were recorded in the second slower phase of
absorption for higher ammonia concentrations. The duration for absorption was also
prolonged for higher ammonia concentrations. Solution pH was noted to decline linearly with
an increase in CO, absorption, as indicated by an increase in the supersaturation ratio (Figure
3). The pH declined more quickly in solutions comprised of lower initial NH; concentration. For
example, a pH of 7.1 was observed with the 2.6 molyy3 L' absorbent at C/C* of 1.6, whilst the
same pH value was observed at C/C* of 3.2 for the 6.3 molyys L' solution. Interestingly, when
the total CO, absorbed was normalised with the initial NH3; concentration, a comparable pH
trend from each initial NH; concentration was presented (Figure 3b). Absorbance at 215nm
was used as a surrogate indicator of bicarbonate development in solution (Figure 4). For each
NH; concentration, bicarbonate concentration progressively increased to a peak
concentration, after which bicarbonate concentration declined. The bicarbonate peak was
greatest for the higher ammonia concentrations. The supersaturation ratio at which the peak
arose also shifted toward a supersaturation ratio of 1 for higher NH; concentrations, which is
equivalent to the concentration of absorbed CO, required to theoretically crystallise

ammonium bicarbonate, assuming all CO, was converted to bicarbonate.

3.2 Carbon dioxide absorption chemistry during membrane crystallisation

The CO, flow rate delivered to the batch crystalliser was only 200 mL min-', compared to 1000
mL min-' supplied to the lumen of the hollow fibre membrane. However, a maximum flux of
0.012 molCO, m2 s was recorded for the membrane, in comparison to 0.56 molCO, m2 s
for the batch crystalliser (Figure 5). Consequently, to achieve C/C* of 1.8 and 2.6 for the batch
crystalliser and MCr required 2.5 and 68 hours respectively. Whilst temporally distinct, the
general trend of CO, flux was similar between batch crystalliser and membrane. Although both
systems comprised of the same initial NH; concentration (3.3M), the solution pH of the batch
crystalliser was around 0.5 pH unit below the MCr, following the first absorption phase which



is characterised by higher CO, fluxes (Figures 2 and 6). Bicarbonate concentration peaked for
both crystallisers at a supersaturation ratio of 1. Nitrogen mass balance revealed that of the
nitrogen removed from solution, greater than 90% was trapped in the crystalline solid phase
in the MCr, compared to only 60% for batch crystallisation, while nitrogen removal recorded a
maximum of about 5 and 30% in the MCr and batch crystalliser respectively, indicating an
excess of residual reactant in the MCr (Figure 7). From this mass balance, we can assume
that of the nitrogen fraction removed during transfer that was not crystallised, instead formed
a fugitive emission. This comprises around 7% and 40% of the nitrogen fraction removed from
solution during crystallisation, or equivalent to 0.4 and 11.6% of the total available nitrogen for

the convention and membrane crystallisers respectively.

3.3 Ammonium bicarbonate crystallisation in batch and membrane operations

A considerably higher nucleation rate was evidenced in the batch crystalliser (Figure 8). To
illustrate, the nucleation rate constant Kz and exponent b, were 1.9 x 105 No m=3® s-'*t and
0.38 for MCr and 9.5 x 103 No m-3-°s-*b and 5.06 for batch crystallisation (Table 2). However,
membrane nucleation rate progressively increased following induction, which is comparable
to literature on MCr where a thermal gradient was applied to achieve crystallisation'” (Figure
8). Evaluation of the population density evidenced that following an increase in crystal size,
crystal number reduced in the batch crystalliser which is consistent with the literature'? (Figure
9). In contrast, crystal number increased as crystal size increased in the MCr. The crystal
growth rate constant Kg and exponent g determined for MCr were 1.7 x 104 Kg9 m39*'s' and
2.64, and 9.5 x 108 Kg9 m39*'s-' and -0.32 for the batch crystalliser, indicating a slower growth
rate in MCr which increased with progressive levels of supersaturation, induced through the
continued absorption of CO, (Figure 10).

4, Discussion

In this study, the decoupling of primary nucleation from secondary nucleation and crystal
growth has been demonstrated in a chemically reactive membrane crystallisation reactor. This
was confirmed by the increase in population density observed at higher levels of
supersaturation for the membrane crystalliser, which occurred despite the continued growth
in crystal size (Figure 9). This contradicts the classical behaviour observed in mixed
suspension mixed product removal crystallisers (MSMPR) for which secondary nucleation
effects dominate subsequently shifting the population balance toward fewer, larger crystals'?.
Such behaviour was observed in the conventional crystalliser (Figure 9), in which primary
nucleation can be thought to dominate at the point of induction, but crystal growth is quickly
thermodynamically favoured, being undertaken by surface integration of secondary nuclei, the

material source being smaller crystals, crystal fragments and supersaturated solution?. The



continued production of new nuclei concurrent with crystal growth which was observed in the
membrane crystalliser is therefore indicative of the membrane promoting heterogeneous
primary nucleation. This is difficult to reconcile from a thermodynamic perspective unless we
consider the presence of an alternative thermodynamically favourable substrate to that of
existing crystals that can act as a site for new nuclei. The hydrophobic membrane lowers the
Gibbs free energy for nucleation (Equation 4), while the counter diffusion chemical gradient
raises the local concentration gradient at the membrane wall, the combination of which
increase the probability for the continued generation of new nuclei. To support this hypothesis,
the interfacial energy was estimated for membrane crystallisation from experimental
nucleation data (Table 3)'%2 as 6.6 mJ m? which corresponds to the estimated interfacial
energy for the primary nucleation of ammonium bicarbonate (Equation 15). Evidence for the
formation of nuclei local to the membrane pore structure has been previously presented®. To
illustrate, at an equivalent supersaturation level (C/C* 1.7), the free energy required for critical
nucleus formation is around AG*ome 1.2x102° J molecule! for the bulk solution versus only
AG*1etero 4.7x102 J molecule™! through membrane facilitated nucleation (Appendix A). The
method of Nakai?® was used to determine an interfacial energy of 7.7 mJ m for the unseeded
solution in the batch crystalliser, where the method for estimation was based on combined
primary and secondary nucleation effects. The proximity of the model to the estimated
interfacial energy for ammonium bicarbonate, supports the influence of secondary nucleation
effects in unseeded solution and helps support the distinction between the two crystallisation
systems.

Similar CO, fluxes were achieved independent of the ammonia concentration (Figure
2), indicating an excess of reactive ammonia?®. However, at an equivalent NH3 concentration,
a considerably lower CO, flux was achieved for the membrane. For chemical absorption within
a gas-liquid membrane contactor, three resistances can be related to the overall mass transfer

coefficient (K,,)'°:

1 1 1 1
Kow kg i T e

(17)
where is the overall mass transfer coefficient (m s™), kq, k; and kn, are the gas, liquid and
membrane mass transfer coefficients (m s'), and E is the enhancement factor provided by the
chemical reaction. Since the gas phase comprised of pure CO,, we can neglect gas phase
resistance, and instead assume that the principle resistance to mass transfer was provided by
the sum of the membrane and liquid phases (Heile et al., 2014), the liquid phase accounting
for around 90% of the total resistance (Appendix E). Whilst CO, transfer in the classical
crystalliser was related to the available surface area of the diffuser, the explicit interfacial area
for mass transfer is provided by the bubbles formed (Appendix E). Through approximation of

the interfacial surface area of the CO, bubbles, an analogous CO, flux to the membrane



crystallisation reactor is reached, which indicates that raising absolute CO, mass transfer may
be best accommodated through an increase in membrane surface area'®. Importantly, the
controlled addition of CO, at the membrane-solution interface, introduces a counter-diffusional
CO,-NHj; concentration gradient, to support the creation of a localised supersaturated region®.
This is evidenced by a comparatively small loss of ammonia from the MCr (Figure 7) which
can be ascribed to the laminar hydraulic characteristics of the MCr which minimises the
transport of NH; to the gas-liquid interface as NHj3 transport is limited to radial diffusion?®, in
addition to the effective mediation of the chemical reaction within the boundary layer which
confines ammonia through a shift in the ammonia-ammonium equilibrium toward non-volatile
ammonium?®. Nevertheless, low levels of supersaturation were instigated in the chemically
reactive MCr which achieved nucleation rates several orders of magnitude below those
reported in the literature ranging between 105 and 108 N° s*' m3.17 Whilst the distinction can
be due to hydraulic and geometric characteristics of the crystallisation systems?3, it is
proposed that this arises primarily from a considerably lower driving force which can be
explained through the two-stage decline in CO, flux that was demonstrated during absorption.
The initial rapid decline in CO, flux is characterised by the fast reaction between CO, and NH;
to form carbamic acid, which reduces solution pH. The rate of pH decline was impingent upon
the available CO,/NH; ratio (Figure 3), being governed by the excess of CO, (or limited NH;
concentration)®. The reduced pH consequently shifted the ammonia-ammonium equilibrium
towards ammonium, which reduces reactivity. Therefore the CO, flux reduces due to physical
rather than chemical absorption dominating mass transfer in the second stage, the extent that
CO, flux is sustained was then dependent upon the initial ammonia concentration (Figure 2).°

Whilst physical absorption was the dominant mechanism for CO, mass transport
during induction for both the MCr and batch crystalliser, induction was identified at an earlier
supersaturation ratio for the batch crystalliser (Figure 10) which also achieved a considerably
higher yield at an equivalent supersaturation ratio (Figure 11). We propose that this occurred
due to the direct gas injection used, which induced complete mixing, subsequently lowering
metastable zone width (MSZW) providing crystallisation at a lower supersaturation ratio as
was evidenced by the production of a comparatively high number of small crystals in this study
(Figure 9)."® When the supersaturation level further increases, combined surface integration
and volume diffusion controlled growth take place, coupled with particle agglomeration, which
is facilitated by high frequency particle collisions (mainly orthokinetic and inertial collisions),
promoted by the shear generated from CO, bubbling into the crystallising fluid.3! It is this
production of high crystal number introduced by direct gas mixing of CO, and NH3 which is
thought to initiate blocking of packed column technology for CCS.32 Furthermore, direct gas
mixing stripped a higher fraction of free ammonia which reduced the buffering capacity for

CO,, providing a more progressive reduction in pH which increased the availability of HCO3



for crystallisation at an earlier supersaturation ratio. The fugitive loss of ammonia from the
conventional crystalliser was demonstrated by the lower nitrogen recovery (Figure 7) and a
reduction of pH by around 0.5 unit which occurred following the initial absorption phase. During
this initial phase, the equilibrium is shifted toward ammonia (pH >9, Figures 6 and B1). This
transition increases the probability for fugitive losses, which limited the subsequent crystal
yield in the conventional crystalliser.5 In contrast, fewer crystals were initially produced from
MCr at the outset of crystallisation due to the development of a concentration boundary layer,
which constrained dissolution into the bulk fluid. Several authors have also evidenced an
increased population density with an increase in supersaturation ratio for MCr using either
osmotic or thermal gradients'”33 which is indicative of the low supersaturation that can be
achieved. In this study, the stricter control of nucleation over growth at a lower rate of
supersaturation was demonstrated and facilitated the growth of fewer, larger crystals (Figure
9), which are generally thought to be well-shaped with fewer inclusions, and therefore of higher
purity34. At this low supersaturation rate, crystals did not collect at the membrane surface and
were instead primarily encountered downstream. Previous authors have reasoned that the
limited membrane crystal deposition was due to the nonspecific and reversible chemical
interaction between the membrane and solute.”®> However, at higher free ammonia
concentrations, significant membrane crystal deposition has been shown to occur, ostensibly
through Ostwald ripening which is an important process in reactive crystallisation.'"'® Ostwald
ripening occurs when particles formed through primary nucleation dissolve to recrystallize onto
larger particles. At the ammonia concentration used in this study, a lower rate of primary
nucleation is achieved and limited membrane deposition proceeded, as evidenced by the
mass balance in which 93% of the ammoniacal nitrogen removed from bulk solution resided
within the crystal phase. The continuation of primary nucleation in parallel with crystal growth
provides further supportive evidence for Ostwald ripening. As primary nucleation continues to
be facilitated by the thermodynamically favourable membrane substrate, primary nuclei are
produced that can support the formation of new crystals and the consecutive growth of existing
crystals. Analogous behaviour for inorganic salts has also been observed in thermally driven
membrane crystallisation.’® Whilst increasing crystal size by Ostwald ripening leads to a more
thermodynamically stable crystal state, it is a slow process?® and thus may be more conducive
to formation within the membrane crystalliser where more controlled conditions for nucleation
can be established. Importantly, since the membrane provides a prescribed CO, flux, an
increase of the membrane-solution interfacial surface area per unit volume, will facilitate a

higher yield whilst sustaining control over the nucleation rate.



5. Conclusions

In this study, the kinetics of crystallisation have been confirmed for conventional and
membrane crystallisers facilitating a chemical reaction in a gas-liquid CO,-NH3-H,O system.
The hydrophobic membrane substrate provides contact between the three phases:
membrane, gas and liquid and reduces the activation energy sufficient to induce primary
heterogeneous nucleation of ammonium bicarbonate. Through fostering lower rates of
supersaturation, fewer nuclei and larger crystals were produced which is beneficial for
downstream separation and to control product purity, whilst primary heterogeneous nucleation
facilitated by the membrane continued to produce new nuclei which evidences a decoupling
of nucleation and growth, which provides improved overall governance of crystallisation in
gas-liquid systems. This contradicts behaviour in conventional crystallisation for which primary
and secondary effects collectively induce a reduction in particle number with an increase in
crystal size; such difficulty in discrimination between mechanisms makes projection of crystal
growth difficult to determine. Furthermore, direct mixing in conventional gas-liquid
crystallisation induced higher rates of nucleation due to the enhanced probability for collision
and the stripping of ammonia which reduced pH to provide a higher bicarbonate concentration
at an earlier level of supersaturation. The subsequent loss of free ammonia will reduce the
maximum yield of ammonium bicarbonate crystals that is attainable and can be avoided in
membrane crystallisation by facilitating indirect contact between the two phases, which limits
physical stripping and mediates a shift in equilibrium from ammonia to ammonium to constrain
volatility. The yield provided during membrane crystallisation was lower than realised in batch
crystallisation which can be explained by the limited specific surface area of the system (<50
m?2 m-3), and the membrane resistance which limited CO, flux and solution mixing, and can be
improved by an increase in specific surface area and optimisation of hydrodynamics.
Importantly, this study evidences the advantage of phase separation facilitated by the

membrane for the governance of chemical crystallisation in gas-liquid systems.
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Supporting Information

Within the supporting information section, details can be found for the estimation of

hydrodynamic shear within the membrane cell and conventional crystalliser (Appendix A),

speciation diagrams detailing ammonia and carbon dioxide equilibria at the reference

temperature (Appendix B), further description of nucleation rate and the crystal size

distributions evolved (Appendix C), and estimation of the interfacial areas for mass transfer

within the classical crystalliser to provide an indicative comparative evaluation of carbon

dioxide mass transport versus the membrane (Appendix D).
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Figure 1. Setup diagrams of batch (a) and membrane (b) chemically assisted crystallisation processes.
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Table 1. Dimensions and surface characteristics of the single hollow fibre membrane contactor (HFMC)

PP

Fibre characteristics
Membrane material

Inner diameter

Outer diameter

Wall thickness

Active length

Surface area®

Porosity

AC':‘het / AGhom

Minimum pore size, (dmin)
Maximum pore size, (dmax)
Contact angle, ()

Lumen cross sectional area

Shell side characteristics
Height

Width

Shell cross sectional area

Priming volume

Operational characteristics
Flow regime

Shell-side

Lumen-side

Liquid temperature

Gas temperature

Liquid velocity

Gas velocity

Liquid volume in loop

mm
mm
um
mm
m2
%
%
pm
pm

m2

M NH;s (aq)

°C

°C
m s
m s’

ml

Polypropylene (PP)
1.2

1.8
300
165
9.33x 10+
72422
60
0.22
0.36°
1174

1.13x 10

5
12

6.0x 10°
11.0

Counter-current
3.3
99.8% CO,
541
20+1
0.06
14.7
150

a Data provided by manufacturer.
b Based on fibre outer diameter.

¢Data statistically determined using log-normal distribution

dBougie and lliuta (2013)

Table 2. Kinetic expressions for nucleation and growth

Reference Technology G=Kg(Csm-c*)? B=KzG"

[17] aMDC bG=2.8x10(csy-c*)0-60 bB=3.7x1049G552

*MDC 6G=2.5x10°%(Ciy-C*)° 58 oB=8.5x1097G39%

This study Batch G=9.5x10-3(Cm-C*)0-32 B=-9.5x1043G506
CR-MCr G=1.7x10-14(Cyn-C*)2-64 B=1.9x105G0-38

aMembrane distillation-crystallization.
bCrystals nucleated from artificial brines.
cCrystals nucleated from natural brines.

Table 3. Calculated values of interfacial energies (o)

Reference Technology Interfacial energy, (o, mJ m2)  Crystal formed
[27] Fluidized seed bed 10.5 CuSO45H 20
Fluidized seed bed 8.9 K-Alum
Fluidized seed bed 7.3 MgSO47H -0
[17] aMDC b9.6; ©10.2 NaCl
This study CR-MCr 6.6 NH4HCO 3
Batch 7.7 NH;HCO 3

aMembrane distillation-crystallization.
bCrystals nucleated from artificial brines.
cCrystals nucleated from natural brines.
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