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ABSTRACT 

 

The primary objective of this project was to develop a downhole heater to raise oil shale 

to a specified temperature in-situ, and to recover energy-rich liquids and gasses. The project 

had two main phases.  Phase I was a preliminary study investigating several different 

burner concepts for generating heat at great depth and over significant horizontal lengths. 

In Phase II, a unique configuration of a downhole heater was proposed that eliminates some 

of the issues regarding previously-considered configurations. The feasibility and 

applicability of the proposed heater were investigated by looking at key issues that have 

not been completely addressed in the literature by other researchers. First, calculations 

were performed to determine appropriate sizes for feeder pipes and nozzles, as well as the 

pressure distributions in different sections of the heater, so that a uniform flow distribution 

is maintained along the 2000 ft length of the heater. Then, the overall heat transfer 

coefficient in the heater and the required gas mixture temperature were determined based 

on design specifications. The average overall heat transfer coefficients of the outer annulus 

and the reaction chamber were estimated as 15 W/ (m2. K) and 3.5 W/ (m2. K). The average 

flue gas temperature was determined to be equal to 939 K.  Second, a cold-flow study was 

performed to investigate the effect of nozzle spacing and orientation on the mixing 

behavior inside the heater. It  was concluded the radial orientations of the nozzles have a 

more significant role in the mixing behavior than the axial positions. Finally, the effects of 

the diluents N2, CO2, and H2O on the oxidation behavior of methane-oxygen mixtures were 



iv 
 

investigated by CHEMKIN modeling studies and reaction sensitivity analysis. These 

studies concluded that at low gas inlet temperatures, the flame temperature is mainly 

controlled by the thermal properties of the diluents, and the chemical effect of the diluents 

is almost negligible. As the heat capacity of the mixture increases, the reaction temperature 

and the flame speed drop, while the ignition delay time increases. Water vapor addition at 

a low initial temperature (800-900 K) and 30 atm promotes methane oxidation and 

decreases the ignition delay time.  



 

 

 

 

 

To those who devoted their lives to achieving and expressing values 

 

 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



CONTENTS 

 

ABSTRACT……….……………………………………………………………………..….........iii 
                                                                                                                                                             
ACKNOWLEDGMENTS.……….................................................................................................. x 
 
Chapters                                                                                                                                               
 
1. INTRODUCTION ………………………………………………………………….………..…1 

  
1.1. Overview .................................................................................................................................. 1 
1.2. Introduction .............................................................................................................................. 2 

1.2.1. Permeable membrane heater .............................................................................................. 3 
1.2.2. Segregated zone catalytic oxidation heater ....................................................................... 4 
1.2.3. Homogenous heater configuration .................................................................................... 6 

1.3. Research objectives .................................................................................................................. 6 
1.4. Summary .................................................................................................................................. 9 
1.5. References .............................................................................................................................. 10 
 
2. LITERATURE REVIEW ………………………………………………………………….….14 
 
2.1. Overview ................................................................................................................................ 14 
2.2. Section I: Proposed configuration for homogeneous underground heater and associated 
literature on homogenous combustion ........................................................................................... 14 

2.2.1. Overview ......................................................................................................................... 14 
2.2.2. Heater configuration ........................................................................................................ 15 
2.2.3. Flammability limits ......................................................................................................... 16 

2.2.3.1. Definition of flammability limits .............................................................................. 16 
2.2.3.2. Correlations to estimate the flammability properties ................................................ 16 
2.2.3.3. Effect of oxygen concentration on flammability limits ............................................ 19 
2.2.3.4. Effect of inert gases on flammability limits ............................................................. 19 
2.2.3.5. Effect of turbulence on flammability limits .............................................................. 20 

2.2.4. Autoignition ..................................................................................................................... 20 
2.2.4.1. Definition of autoignition ......................................................................................... 20 
2.2.4.2. Effect of pressure and fuel concentration on autoignition temperature .................... 21 
2.2.4.3. Effects of other gases on autoignition ...................................................................... 22 
2.2.4.4. Shock tube tests ........................................................................................................ 25 
2.2.4.5. Flow reactor tests ...................................................................................................... 28 

2.2.5. Flame Stability ................................................................................................................. 29 
2.2.5.1. Definition of flame stability...................................................................................... 29 
2.2.5.2. Correlations to predict lift-off height and blow-out velocity .................................... 29 
2.2.5.3. Effect of oxygen concentration on flame stability .................................................... 31 
2.2.5.4. Effect of flue gas on flame stability .......................................................................... 33 



vii 
 

2.3. Section II: Heterogeneous (catalytic) underground heater approach and associated literature  
on heterogeneous combustion ....................................................................................................... 34 

2.3.1. Overview ......................................................................................................................... 34 
2.3.2. Heater configuration ........................................................................................................ 34 
2.3.3. Nobel metal catalysts ....................................................................................................... 35 
2.3.4. Transition metal catalysts ................................................................................................ 36 
2.3.5. Summary.......................................................................................................................... 37 

2.4. References .............................................................................................................................. 39 
 
3. ENGINEERING CALCULATION ……………………………………………………….......59 
 
3.1. Overview ................................................................................................................................ 59 
3.2. Section I: Determining the appropriate sizes for feeder pipes, nozzles/holes ........................ 59 

3.2.1. Overview ......................................................................................................................... 59 
3.2.2. Introduction ..................................................................................................................... 60 
3.2.3. Case 1: The cross-sectional area of the perforated pipe (A) and the discharge flowrate (q) 
are known; the diameter of the holes (d) or their spacing (Ln) will be calculated ..................... 62 

3.2.3.1. Case 1, approach 1 .................................................................................................... 63 
3.2.3.2. Case 1, approach 2 .................................................................................................... 65 
3.2.3.3. Case 1, approach 3 .................................................................................................... 66 

3.2.3.3.1. Developing an equation for the pressure of the perforated pipe (P) as a function 
of the perforated pipe length (x) ........................................................................................ 67 
3.2.3.3.2. Generating an equation for the hole diameter (d) as a function of the perforated 
pipe length (x) .................................................................................................................... 69 

3.2.4. Case 2: Discharge flow rate (q), hole diameter (d), and their spacing (Ln) are known; the 
diameter of the perforated pipe (A) will be calculated as a function of the distance to the inlet 
end (x) …………………………………………………………………………………….……70 
3.2.5. Summary.......................................................................................................................... 72 

3.3. Section II: Heat transfer calculation ....................................................................................... 73 
3.3.1. Overview ......................................................................................................................... 73 
3.3.2. Geometry ......................................................................................................................... 73 
3.3.3. Determining gas and oil properties .................................................................................. 74 
3.3.4. Determining the convection heat transfer coefficient of the outer annulus ..................... 76 
3.3.5. Calculating the convection heat transfer coefficient for the reaction chamber ............... 78 
3.3.6. Calculating the boiling heat transfer coefficient 7 ........................................................... 79 
3.3.7. Calculation of metals thermal conductivities .................................................................. 82 
3.3.8. Calculating the overall heat transfer coefficient of the heater ......................................... 83 
3.3.9. Determining the overall heat transfer coefficient of the annulus ..................................... 84 
3.3.10. Determining the overall heat transfer coefficient in the reaction chamber .................... 86 
3.3.11. Summary........................................................................................................................ 87 

3.4. References .............................................................................................................................. 88 
 
4. EXPERIMENTAL WORK …………………………………………...……………………….94 
 
4.1. Overview ................................................................................................................................ 94 
4.2. Section I - Experimental and modeling study of catalytic oxidation of methane on several 
materials ........................................................................................................................................ 95 

4.2.1. Introduction ..................................................................................................................... 96 
4.2.2. Experimental setup .......................................................................................................... 96 

4.2.2.1. Bench-scale apparatus .............................................................................................. 96 
4.2.3. Experimental parameters and operating conditions ......................................................... 98 



viii 
 

4.2.3.1. Fixed parameters ....................................................................................................... 98 
4.2.3.2. Materials tested ......................................................................................................... 98 
4.2.3.3. Bed depth and residence time ................................................................................... 99 
4.2.3.4. Pressure ..................................................................................................................... 99 
4.2.3.5. Furnace temperatures ................................................................................................ 99 

4.2.4. Experimental procedure ................................................................................................. 100 
4.2.4.1. Micro GC calibration .............................................................................................. 100 
4.2.4.2. Measurement of temperature profiles ..................................................................... 101 

4.2.5. Results and discussion ................................................................................................... 101 
4.2.5.1. Experimental results ............................................................................................... 101 
 4.2.5.2. CHEMKIN modeling results ................................................................................. 103 

4.2.6. Summary........................................................................................................................ 105 
4.3. Section II: Cold-flow mixing study ...................................................................................... 105 

4.3.1. Experimental setup ........................................................................................................ 106 
4.3.1.1. Bench-scale apparatus ............................................................................................ 106 
4.3.1.2. Experimental parameters and operating conditions ................................................ 106 
4.3.1.3. Gas flowrates .......................................................................................................... 107 

4.3.2. Experimental procedure ................................................................................................. 107 
4.3.2.1. Orientations and positions of holes ......................................................................... 107 
4.3.2.2. Mixing measurement methodology ........................................................................ 108 
4.3.2.3. GC calibration ......................................................................................................... 109 
4.3.2.4. Calibration of mass flow controllers ....................................................................... 109 

4.3.3. Results and discussion ................................................................................................... 109 
4.3.4. Uncertainty analysis ...................................................................................................... 111 

4.3.4.1. Sealing of the system .............................................................................................. 111 
4.3.4.2. Uncertainty of the inlet flows ................................................................................. 112 
4.3.4.3. Uncertainty in sampling and data collection........................................................... 112 
4.3.4.4. Uncertainty in data analysis .................................................................................... 113 

4.3.5. Summary ....................................................................................................................... 114 
4.4. References ............................................................................................................................ 115 
 
5. MODELING ………………………………………………………………………………....138 
 
5.1. Overview .............................................................................................................................. 138 
5.2. Section I: Calculated impacts of diluents on flame temperature, ignition delay and flame 
speed of methane-oxygen mixtures at high pressure and low to moderate temperatures............ 139 

5.2.1. Overview ....................................................................................................................... 139 
5.2.2. Introduction ................................................................................................................... 140 
5.2.3. Chemical kinetic models, mechanisms and validation .................................................. 142 
5.2.4. Results and discussion ................................................................................................... 143 

5.2.4.1. The effect of diluents on adiabatic flame temperature ........................................... 143 
5.2.4.2. The effect of diluents on ignition-delay time.......................................................... 145 
5.2.4.3. The effect of diluents on flame speed ..................................................................... 149 

5.2.5. Summary........................................................................................................................ 153 
5.3. Section II: Determination of ignition bounds when including heat transfer 
considerations…………………………………………………………………………………...155 

5.3.1. Introduction ................................................................................................................... 155 
5.3.2. Modeling........................................................................................................................ 155 
5.3.3. Results and discussion ................................................................................................... 157 

5.4. References ............................................................................................................................ 158 
 



ix 
 

6. SUMMARY AND CONCLUSION………………………………………………………….173 
 
6.1. Overview .............................................................................................................................. 173 
6.2. Introduction .......................................................................................................................... 173 
6.3. Summary and conclusions .................................................................................................... 174 
6.4. Recommendations for future work ....................................................................................... 180 
6.5. References ............................................................................................................................ 181 
 
Appendices 
 
A: CHEMKIN CALCULATION TO FIND GAS PROPERTIES ………………………...........182 

B: DETERMINING THE EXHAUST GAS INITIAL PROPERTIES ……………………...…187 

C: DETERMINING THE EXHAUST GAS FINAL PROPERTIES .......................................... 191 

D: DETERMINING THE PROPERTIES OF THE BOILING OIL …………………………...194 

E: DETERMINING THE GAS PHYSICAL PROPERTIES ...................................................... 198 

F: CATALYTIC EXPERIMENTAL STUDY CATALYTIC MATERIALS PROPERTIES…...205 

 
 
 
 
 
 
 
 
 
 



 
 

AKNOWLEDGEMENTS 

 

I begin by expressing my most sincere gratitude and appreciation to Dr. Eddings and 

Dr. Silcox for their encouragement and support throughout my graduate studies. They 

allowed me the freedom to initiate new ideas, and were always there to lend a listening ear 

and provide constructive feedback. Their technical and editorial advice was invaluable to 

the completion of this dissertation.  

I also express my heartfelt appreciation to my advisory committee, Dr. Deo, Dr. 

MacLennan, and Dr. Switzer, for their critical comments and guidance on my research.   

I would like to express my gratitude to Dr. Ignacio Preciado, who helped me with the 

experiment in the lab, and also for her invaluable advice during the research. I would also 

like to thank Dana Overaker for his assistance in ordering and buying lab materials, 

equipment repair and maintenance.  

I would like to appreciate my husband, Hossein, and my daughter, Lenna, for their 

support, encouragement, patience, and companionship that have turned my journey 

through graduate school into a pleasure. I am deeply thankful to my parents, my brother, 

and my sisters for their faith in me and for encouraging me to be ambitious. Their love and 

continuous encouragement has always given me the strength to tackle challenges. 

I would like to appreciate the American Shale Oil, LLC (AMSO) for their financial 

support in this project.  

 



CHAPTER 1 

 

INTRODUCTION 

 

1.1. Overview 

The primary objective of this project is to develop a downhole heater to raise oil shale 

to a specified temperature in order to recover energy-rich liquids and gasses. The project 

has two main phases. Phase One was a preliminary study investigating several different 

heater concepts for generating heat at great depth and over significant horizontal lengths. 

That preliminary study included engineering calculations of overall energy balances, heat 

transfer, and pressure drop. Two heater concepts, based on homogenous oxidation and 

flameless catalytic oxidation, were then investigated. In Phase Two, a unique configuration 

of a downhole heater was proposed which eliminates some of the issues regarding the 

existing configurations. The feasibility and applicability of the proposed heater were 

explored by addressing some key issues that have not been completely addressed in the 

literature by other researchers. The questions addressed in Phase Two are: 

1- Do some inexpensive and widely available metals have reasonable catalytic activity 

and durability such that they can be considered as a catalyst for methane oxidation in 

our application? 

2- How to design heater nozzles for a 2000-ft-long heater so that the fuel/oxidizer 

distribution, and thus heat release, remains uniform.  
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3- How does nozzle orientation and position in the heater affect mixing of fuel and 

oxidizer?  

4- How does the presence of exhaust gas in the heater affect the performance of the 

heater? 

5- How do the chemical and thermodynamic properties of the components of exhaust 

gases N2, CO2 or H2O, affect the ignition-delay time of methane? 

6- Which specific methane oxidation reactions are affected by diluents such as N2, 

CO2 or H2O? 

 

1.2. Introduction 

There are large underground oil shale deposits in the U.S. and around the world. 

Heating oil shale deposits to about 300 °C results in shale oil and natural-gas-like 

production via pyrolysis of kerogen within the rock. There are two ways to heat the oil 

shale and extract the hydrocarbons: surface retorting and in-situ retorting. The first method 

has three steps: 1) mining the oil shale, 2) thermal processing to obtain a refinery feedstock 

and 3) disposal of the spent shale. The second method involves heating the oil shale 

underground to extract the hydrocarbons directly. There has been increasing attention 

given to the second method, in-situ retorting, especially for deep formations or other 

situations where mining is less suitable. In particular, in-situ retorting doesn’t have many 

of the disadvantages of surface retorting, and it provides the opportunity to recover deeply-

deposited oil shale.1 The Conduction, Convection, Reflux (CCRTM) retorting process is one 

of the in-situ heating and extraction processes proposed by AMSO, LLC.2  Figure 1.1 is a 

schematic of the CCR process. There is a boiling pool of shale oil in the bottom of the 
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retort, in contact with a heat source. Hot vapors from the boiling pool recirculate through 

the retort by natural convection and heat the surrounding oil shale. It is hypothesized that 

heating the shale may cause it to fracture and further enhance the effective permeability of 

the retort. Thus, more oil shale is exposed to the hot vapors.  The hot vapors condense on 

recently exposed oil shale and drain to the boiling pool. As the oil shale reaches 

temperatures between 300 °C and 350 °C, the pyrolysis rate of the kerogen becomes high 

enough to yield oil and gas in a reasonable time frame. 

A downhole heater is proposed as an efficient way to provide the heat required to boil 

the pool. A schematic of the heater is shown in Figure 1.2. Fuel and oxidizer pass through 

the 2000-ft vertical well to the mostly horizontal borehole where the boiling pool is 

distributed. The downhole heater is placed in the horizontal section where there is a 

counter-current heat exchange between the incoming fuel/oxidizer and the outgoing flue 

gas. AMSO, LLC, who was a financial sponsor of this project, was interested in developing 

a downhole heater technology for in-situ processing of oil shale.  

Two preliminary heater configurations were proposed by AMSO, LLC.3 Under a 

research agreement, the University of Utah initiated a preliminary study investigating the 

feasibility of the proposed heaters. A brief explanation of the configurations is presented 

in the following section. 

 

1.2.1. Permeable membrane heater  

The permeable membrane heater shown in Figure 1.3  was the first heater configuration 

proposed and patented by AMSO, LLC.3 It is based on regions of heterogeneous and 

homogeneous combustion. It has one open end that provides both gas inflow and outflow. 
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There is a permeable membrane acting as a flow restriction medium that divides the interior 

volume of the heater housing into an inner flow pathway and an outer flow pathway. The 

permeable membrane is made from catalytic material that has a permeability to provide a 

controlled transverse flow from the inner to the outer pathway. Premixed fuel and oxidizer 

flows through the inner pathway towards the closed end.   

As the premixed gases flow through the heater, they permeate the catalytic material 

and catalytically combust. The flue gases return to the surface in the outer annulus and flow 

countercurrent to the premixed fuel and oxidant. The flue gases preheat the fuel and 

oxidizer. There are number of concerns regarding the permeable membrane configuration; 

- Safely handling the combustible premixed gases 

- Deactivation and poisoning of the catalytic membrane, which would cause a problem 

in long-term operation 

- Difficulty in achieving the desired flowrate of fuel and oxidant along the heater 

- Difficulty in obtaining a uniform temperature along the heater 

- Unknown type of permeable membrane  

 

1.2.2. Segregated zone catalytic oxidation heater 

The second configuration proposed by AMSO was a segregated zone catalytic heater, 

which would be based on a hybrid heterogeneous/homogeneous reaction.3 This section 

provides a brief explanation of the heater configuration and feasibility study. 

A schematic of the catalytic heater is presented in Figure 1.4. The heater has an inner 

annulus for the flow of oxidant and outer flow of exhaust gases. A separate line injects the  

fuel. The inner annulus has several reaction zones. Each has a mixing section where the 
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oxidizer and the fuel mix, and a thin catalytic bed where the oxidation occurs. The flue 

gases pass through the outer annulus, preheat the fuel and oxidizer, and return to the 

surface. Although the flameless catalytic oxidation concept can provide the desired 

temperature and the heat needed to retort the oil shale, there are some concerns regarding 

this design: 

-  Dilution of the oxygen along the length of the heater  

- Ensuring sufficient mixing of fuel and oxidizer 

- Preventing ignition of the fuel/oxidizer mixture before reaching the catalyst bed  

- Preventing channeling of the gas mixture in the catalytic beds  

- Excessive pressure drop in catalytic beds 

- Finding a catalyst with a reasonable lifetime and thermal stability for long-term 

operation 

To address some of the concerns, we performed detailed bench-scale experiments to 

examine the catalytic activity of several metals, as well as a Pd-coated catalyst, for dilute 

methane oxidation. Commercial chemical kinetics software4 was also used to model 

homogenous methane oxidation under a range of conditions. In addition, kinetic parameters 

were derived from the experimental data to start engineering calculations for heater design .  

Additional details and results of these analyses are presented in Chapter 4.  

Based on the results obtained in these preliminary studies, we proposed a new heater 

configuration that is based on homogenous oxidation. The new design can eliminate some 

of the issues regarding the two configurations discussed above. A brief explanation of the 

new heater configuration is presented in the following. 
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1.2.3. Homogenous heater configuration 

The new configuration is shown in Figure 1.5. The heater includes an outer annulus to 

convey the flue gas and an inner annulus containing two separate pipes for fuel and 

oxidizer. Each pipe has multiple holes acting as small nozzles to introduce nonpremixed 

fuel and oxidizer along the length of the heater. The fuel and oxidizer would be injected 

into the reaction chamber, or inner annulus, in a manner that would create sufficient 

mixing. The mixing would also be controlled by the relative locations of the nozzles to 

produce a dilute combustion environment to control peak temperatures and NOx formation. 

Flue gas may also be used as a diluent to help control temperatures, assist with mixing, and 

control the rate of the combustion reactions and thus keep the flame temperatures in the 

desired range. 

The fuel and oxidizer mix and autoignite under the high-pressure conditions inside the 

heater. Combustion of fuel and oxidizer takes place in the reaction chamber that has holes 

to allow flue gas to escape into an annular exhaust pathway. The length of the heater can 

be divided into a series of separate reaction chambers or mixing zones, to prevent 

accumulation of combustion products. The ideal situation is to have a complete reaction 

within each mixing zone so that there would not be a significant amount of unburned fuel 

within the chamber. 

 

1.3. Research objectives 

The main objective of this project is to develop a downhole heater to heat oil shale to a 

specified temperature in order to recover energy-rich liquids and gasses.  

The project has two main phases. Phase One was a preliminary study that included 
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overall energy balances, heat transfer and pressure drop calculations and some catalytic 

performance testing, which helped to identify the optimum heater configuration that could 

eliminate some of the issues regarding the initially-proposed configurations. Phase Two 

focused on addressing some of the key scientific issues related to the new downhole heater 

configuration, or any other homogenous oxidation heaters, that have not entirely been 

addressed by other researchers in the literature and that will affect the design of gas-fired 

downhole heaters.  The key issues and questions addressed in Phase Two are listed below. 

1. Having a uniform gas distribution along the 2000-ft heater is one of the key 

parameters to maintain a uniform heat release inside the heater. Therefore, the first 

issue to be addressed in designing the heater is to develop a procedure to calculate the 

size of the injector nozzles so that there is a uniform distribution of fuel/oxidizer along 

the 2000-ft length of the heater. Most of the calculation procedures developed in the 

past have been based on the assumption that the gas is injected through a nozzle into 

an environment with a constant pressure. In addition, the procedures aren’t applicable 

to a very long manifold.5–8 In this project, a calculation procedure was developed to 

determine the size of the holes for a very long manifold (2000 ft). The developed 

method is also applicable to a situation where gas is injected from the nozzle to a 

nonconstant pressure environment. The details of these procedures will be presented 

in Chapter 3.  

2. As explained in Section 1.2.3, in the proposed heater configuration, the fuel and 

oxidizer are injected through nozzles in the feeder pipes and into the reaction chamber. 

Gases mix and react in the chamber. Mixing plays an important role in determining 

ignition behavior, local temperature, and pollutant formation. Therefore, it is critical 
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to choose the position and orientation of the nozzles so that appropriate mixing occurs 

in each section of the reaction chamber. As a result, the second question to be 

addressed in this phase of the project is how the nozzle orientation and position within 

the heater affect the fuel and oxidizer mixing and subsequent combustion behavior. 

The answer to this question is critical for the design of either a downhole heater, or 

any other flameless heater, oxy-fuel combustor or homogenous oxidation device.  

Most of the available studies in this area have focused on two impinging jets.9–19 Some 

of them also investigate the effect of the shape of the nozzle on gas mixing 

behavior.20,21 However, to our knowledge, data are not available to analyze the effect 

of nozzle. position and orientation in a configuration similar to that shown in Figure 

1.5.  Cold flow experiments were performed to understand the mixing of gases inside 

such a chamber and these results are presented in Chapter 4. 

3. It is also important to look at the reactions occurring inside the chamber and 

investigate how the presence of exhaust gas species in the reaction chamber affect 

ignition and oxidation behavior. In the proposed downhole heater, as well as in many 

oxy-fuel combustors and gas turbines, part of the exhaust gas is recirculated to lower 

the temperature and control pollutant formation. The exhaust gas in oxy-fuel 

combustion mainly consists of CO2 and H2O. The effect of CO2 on the oxidation of 

the methane or natural gas has been well-studied by other researchers. There are also 

some experimental and modeling data available on the effect of water addition on 

methane oxidation (please refer to Chapter 2 for references). However, few studies 

have performed sensitivity analysis to determine the effect of water addition on 

reaction rates. This study used CHEMKIN to provide a fundamental understanding of 
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how chemical and thermodynamic properties of diluents inhibit or promote the 

reactivity of the gas mixture of interest.  In Chapter 5, we address these fundamental 

questions. 

 

1.4. Summary 

The dissertation consists of five chapters: (1) Introduction, (2) Literature review, (3) 

Engineering calculations, (4) Experimental work, and (5) Modeling and reaction analysis.  

Chapter 1 introduces the project. It includes the motivations and objectives, as well as 

a brief summary. Chapter 2 reviews the literature on homogenous oxidation and 

autoignition of methane and oxygen mixtures at high pressure and low to moderate 

temperatures (P=10-30 atm, T=800-1800K). The effects of the temperature, pressure, 

diluents (N2, CO2, and H2O) and other components (lighter hydrocarbons and H2) on 

flammability limit, autoignition, and flame stability of methane/oxygen mixture are 

explored.  Chapter 3 presents engineering calculations to evaluate the feasibility of the new 

heater configuration. The calculations included: 

- Pressure drop calculations to determine the range of operating pressures. 

- Macroscopic mass, momentum and energy balance calculations to determine 

appropriate sizes for feeder pipes and nozzles. 

- Overall energy balance and heat transfer calculations to estimate the required gas 

mixture temperature.  

Chapter 4 is a summary of the experimental work. The experiments consisted of two 

parts: (1) tests to explore the catalytic activity of metals used in heater construction and (2) 

cold flow studies to determine the effect of nozzle orientation and spacing on the mixing 
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of gases. Chapter 5 consists of the modeling studies and reaction analysis. This chapter has 

two main objectives: First is to perform thermodynamic calculation of fuel/oxidizer 

mixtures with varying levels of dilution over a range of temperatures and pressures to 

determine the approximate adiabatic flame temperature. Second is to perform CHEMKIN 

simulations to determine the bound of ignition (autoignition) and understand the chemical 

and thermodynamic effects of water on methane oxidation. In Chapter 5, the effect of 

diluents, especially water dilution, on methane ignition delay time, flame speed, and flame 

temperature is also studied. The sensitivity analyses and reaction pathway analyses are 

performed to determine which of the elementary reactions inhibits reactivity and which 

one promotes it in the presence of diluents. 
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Figure 1.1: Schematic of the CCRTM process2 
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Figure 1.2 : Schematic of a generalized downhole heater 
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Figure 1.3: Permeable membrane heater configuration3 

 
Figure 1.4:  Segregated zone catalytic oxidation heater configuration3 

 
 

 

Figure 1.5: Heater configuration based on the homogenous reaction concept 



CHAPTER 2 

 

LITERATURE REVIEW 

 

2.1. Overview 

Chapter 2 consists of two sections focusing on two heater concepts: Section I covers 

homogeneous oxidation and Section II covers catalytic oxidation. Section I provides a brief 

explanation of the proposed heater configuration and then addresses autoignition, 

flammability limits and flame stability of the fuel/oxidizer mixture at the heater operating 

conditions. Section II examines catalysts used in methane oxidation. Research results for 

two categories of catalyst, noble metal and transition metal, are explored and brief results 

for the alumina – supported Pd catalyst used by the University of Utah are also presented. 

A brief summary is provided at the end of each section. 

 

2.2. Section I: Proposed configuration for homogeneous 

 underground heater and associated literature  

on homogenous combustion 

2.2.1. Overview 

The purpose of the project is to develop a heater for in-situ heating of oil shale to 

recover energy-rich liquids and gases. The heater will heat the shale to a specified 

temperature along a horizontal length of about 2000 ft. To fulfill this purpose, the 
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University of Utah proposed a new heater configuration that is described briefly in this 

section. This section goes on to review the literature on homogeneous combustion, 

particularly regarding ignition, flammability properties, and flame stability.   

 

2.2.2. Heater configuration 

The heater configuration is shown in Figure 2.1. The heater includes two separate pipes 

carrying fuel and oxidizer. Each pipe has several holes acting as small nozzles to introduce 

the nonpremixed fuel and oxidizer along the length of the heater. The fuel and oxidizer 

would be injected into the reaction chamber in a manner that would create sufficient 

mixing. The mixing would also be controlled by the relative locations of the fuel and 

oxidizer nozzles to produce a dilute combustion environment so as to control peak 

temperatures and NOx formation. Flue gas or CO2 may also be used as a diluent to assist 

with mixing, to control the rate of the combustion reactions and thus keep the flame 

temperatures low. 

The fuel and oxidizer mix and autoignite under the high-pressure conditions inside the 

heater. Combustion of fuel and oxidizer takes place in the reaction chamber that has holes 

to allow for flue gas to escape into an annular exhaust pathway. The ideal situation would 

be to have complete reaction within each mixing zone so that there would be insignificant 

amounts of unburned fuel. One of the concerns about the underground heater is how to 

initiate the reaction. The goal is to mix the fuel and oxidizer under conditions such that 

autoignition can occur. Therefore, it is important to know the autoignition and flammability 

properties of the fuel/oxidizer mixture for the range of operating conditions anticipated. It 
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is also beneficial to know the effects of hydrogen and higher alkanes in the fuel, as well as 

combustion products, on the reaction kinetics. The following is a literature review that 

addresses these concerns.   

 

2.2.3. Flammability limits 

2.2.3.1. Definition of flammability limits 

Flammability limits are defined as the concentration range in which a flammable 

substance can produce a fire or explosion when an ignition source (such as a spark or open 

flame) is present. The concentration in air is generally expressed as percentage fuel by 

volume in the vapor phase. Additionally, flammability limits are divided into two types: (i) 

the upper flammable limit (UFL) above which the fuel concentration is too rich (deficient 

in oxygen) to burn and (ii) the lower flammability limit (LFL) below which the fuel 

concentration becomes too lean (excess oxygen) to be ignited.1 

Crowl and Louvar defined the limiting oxygen concentration (LOC) as the lowest 

oxygen concentration where combustion can occur. The lower oxygen limit (LOL) is the 

lowest fuel concentration in pure oxygen that combusts and the upper oxygen limit (UOL) 

is the maximum fuel concentration in pure oxygen that combusts. 

 

2.2.3.2. Correlations to estimate the flammability properties  

There are several correlations to estimate the flammability properties. Some of them 

are discussed in this section.2 

1- Jones 1938 proposed a simple relationship to evaluate these properties.  
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𝑦௅ி௅ =
5.50 𝐶௦௧

100
 

(2.1) 

  𝑦௎ி௅ =
3.50 𝐶௦௧

100
 

 (2.2) 

where Cst is the stoichiometric volume % fuel in air 

2- Suzuki 1994 related the heat of combustion (∆𝐻௖) of the fuel to the UFL and LFL.  

𝑦௅ி௅ = ൬
−3.42

∆𝐻௖
+ 0.569 ∆𝐻஼

ଶ + 1.80൰
1

100
 

 (2.3) 

𝑦௎ி௅ = ൫6.30 ∆𝐻௖ + 0.567 ∆𝐻஼
ଶ + 23.5൯

1

100
 

 (2.4) 

where ∆𝐻௖ is the heat of combustion ቀ
௞௝

௠௢௟
ቁ. Scott suggested the Burgess-Wheeler law, 

for the effect of temperature on the LFL and UFL of hydrocarbons in the absence of cool 

flames, which is expressed by Equation (2.5) and  Equation (2.6)1 where ∆𝐻௖ is the net 

heat of combustion (kcal/mole) and T is in ºC. 

𝐿𝐹𝐿் =  𝐿𝐹𝐿ଶହ −  
0.75

∆𝐻௖
(𝑇 − 25) 

where 

𝐿𝐹𝐿்=lower flammability limit at temperature T 

𝐿𝐹𝐿ଶହ=lower flammability limit at temperature 25ºC 

∆𝐻௖=Heat of combustion (kcal/mol) 

T=Temperature (ºC) 

(2.5) 

𝑈𝐹𝐿் =  𝑈𝐹𝐿ଶହ +  
0.75

∆𝐻௖
(𝑇 − 25) 

(2.6) 

𝑈𝐹𝐿்=upper flammability limit at temperature T 

𝑈𝐹𝐿ଶହ=upper flammability limit at temperature 25ºC 
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∆𝐻௖=Heat of combustion (kcal/mol) 

T=Temperature (ºC) 

V. Babrauskas also proposed equations showing the dependence of LFL and UFL on 

pressure.1 

𝐿𝐹𝐿௣ =  𝐿𝐹𝐿ଵ௔௧௠ − 0.31 𝑙𝑛𝑃 (2.7) 

𝑈𝐹𝐿௣ =  𝑈𝐹𝐿ଵ௔௧௠ + 0.89 𝑙𝑛𝑃 (2.8) 

Vanderstraeten et al.3 determined the upper flammability limit of  methane / air 

mixtures at pressures up to 54.3 atm and temperatures up to 473K. They correlated their 

data by one correlation for the pressure-dependence of the UFL and one correlation for the 

temperature-dependence of the UFL.   

𝑈𝐹𝐿(𝑃ଵ) = 𝑈𝐹𝐿(𝑃଴) ቈ 1 + 𝑎 ൬
𝑃ଵ

𝑃଴
− 1 ൰ + 𝑏 ൬ 

𝑃ଵ

𝑃଴
− 1൰

ଶ

቉ 
 (2.9) 

𝑈𝐹𝐿(𝑇ଵ) = 𝑈𝐹𝐿(𝑇଴)[1 + 𝑐 ൬
𝑇ଵ −  𝑇଴

100
൰] 

(2.10) 

The coefficients a, b and c are given in Table 2.1 and Table 2.2. F. Van den Schoor et 

al. proposed four different methods to calculate the flammability limits.4–7 They used two 

of those methods to calculate LFL of a methane / air mixture at initial pressures in the range 

of 1– 30 atm and initial temperatures in the range of 298 -473K. They showed that at around 

20 atm and 473K, the LFL of the methane / air mixture would be about 4.1 mole % and the 

UFL would be about 39 vol%. However, M. Caron et al.8 found a wider range for the 

flammability limits.  Please refer to reference 5 for more information.  In summary, 

pressure has only a slight effect on the LFL except at low pressure (<50 mmHg absolute), 

where flames do not propagate, while the UFL increases considerably as the pressure 
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increases.1 The LFL decreases slightly with increasing pressure while the UFL is highly 

sensitive to pressure. Pressure and temperature are not the only factors that affect the 

flammability conditions. For underground heaters, it is helpful to use oxygen instead of air 

to avoid handling large flowrates of N2. It may also be useful to use flue gas to control 

temperature. Therefore, it is worthwhile to discuss the effects of diluents and higher oxygen 

levels on flammability limits.  

 

2.2.3.3. Effect of oxygen concentration on flammability limits  

Upper flammability limits are sensitive to oxygen concentration while LFLs are not.  

Since the LFL is a fuel-lean condition, any additional excess oxygen acts as a diluent. In 

addition, the molar heat capacities of oxygen and nitrogen are similar, so the LFL value is 

not changed by going to a 100% oxygen atmosphere.1 However, the UFLs increase sharply 

with increasing oxygen concentrations.  

As mentioned before, if we dilute the oxygen concentration in the air continuously, the 

LFL and UFL converge at one point which is called the limiting oxygen concentration 

(LOC), below which the fuel-air mixtures cannot support sustained combustion no matter 

how large the ignition energy.  

 

 2.2.3.4. Effect of inert gases on flammability limits  

Generally, inert gases decrease the flammability limits or lead to the mixture being 

entirely outside the range of flammability. The presence of inert gas mostly affects the 

UFL, and some gases such as CO2 affect LFL, too. Studies show that gases with higher 
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heat capacities (such as CO2) have a higher LFL than gases with lower heat capacities (such 

as N2). Thus, the heat capacity of the inert gas and combustion products can have a great 

effect on the flammability limits.1  

 

2.2.3.5. Effect of turbulence on flammability limits  

There is a limited amount of data suggesting that turbulence can narrow the 

flammability range for pure fuel gases/vapors. It has been observed that “The narrowing 

effect on observed flammability limits has been interpreted as being an MIE (minimum 

ignition energy) impact: if the experiments are conducted at the same ignition energy and 

it requires more energy to ignite mixtures that are either turbulent or have an equivalence 

ratio far away from stoichiometric conditions, then turbulent mixtures will be observed as 

having a smaller flammability range”.1 

There are other conditions such as experimental apparatus sizing which can affect 

flammability limits. For more information, please refer to reference 1.  

 

2.2.4. Autoignition 

2.2.4.1. Definition of autoignition 

The autoignition temperature (AIT) is defined as the lowest temperature to which a 

given mixture of a fuel and an oxidant must be heated to combust spontaneously in the 

absence of an ignition source. The ignitability of a flammable gas is characterized by its 

minimum ignition energy (MIE) and its autoignition temperature (AIT). The MIE is the 

lowest energy content of a point ignition source which ignites the most ignitable mixture 
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of a fuel and an oxidant.9 Like the flammability limit, the AIT of a given mixture is not 

constant. It depends on the fuel concentration, flow condition, initial pressure and volume 

of the mixture, as well as the geometry of the explosion vessel. In the following, the effect 

of pressure and fuel concentration on autoignition temperature is discussed. 

 

2.2.4.2. Effect of pressure and fuel concentration on 

 autoignition temperature 

The initial pressure of mixtures affects the autoignition temperature (AIT). Therefore, 

the AIT values obtained at atmospheric pressure should not be used at high pressures. 

Higher initial pressures lead to a lower AIT in a given oxidant. For example, the AIT of 

natural gas in air at 1atm is about 803K, whereas at 610 atm (9,000 psig) the AIT is about 

513K.10 

Semenov's equation can be used over a limited pressure range to predict the AIT's of 

several hydrocarbons.10   

𝑙𝑜𝑔
𝑃

𝑇
=  

𝐴

𝑇
+ 𝐵 

(2.11) 

where T is the AIT at an initial pressure P, and A and B are constants.  

M. Caron et al.11 investigated the effect of pressure and methane concentration on the 

autoignition temperature of methane/air mixtures. The initial temperature of the mixture 

was about 683K in their experiment.  

Before discussing the result, it is worthwhile to clarify the definition of autoignition 

and cool flame used in Caron’s paper. The classification criteria for autoignition and cool 

flame are presented in Table 2.3. It was shown that both fuel concentration and initial 
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pressure have a significant effect on the autoignition condition of the methane/air mixture. 

The concentration showing the highest ignitability is found to be about 40 vol. % in terms 

of the autoignition and the corresponding initial pressures is 7atm. Please note that the 

results are for a methane/air mixture; the corresponding initial pressure for a 

methane/oxygen mixture would be less than this amount. Additionally, this experiment was 

running at considerably high methane concentrations, but the methane concentration in an 

underground heater would be less than this amount, and there would be flue gases present 

in the mixture of the methane/oxidizer. As a result, it would be worthwhile to analyze the 

effect of other gases on AIT. 

 

2.2.4.3. Effects of other gases on autoignition    

In addition to what was explained before about the effect of different inert gases on the 

flammability limit of methane, several studies have been done on the effect of fuel 

additives. As mentioned before, autoignition is defined as spontaneous and homogeneous 

ignition of the reactive mixture that results in chemical reactions and hot gases in premixing 

sections. It is not only a function of pressure and temperature but also fuel, oxidizer, and 

diluent composition. 

Although natural gas mainly consists of methane, its specific make-up can change 

drastically depending on the geographical location and the season in which it is 

obtained.12,13 Because of the importance of ethane and other alkanes as trace species in 

natural gas, several studies have been performed since 1963 to study combustion behavior 

of natural gas and related fuel blends. The experimental work includes mainly shock-tube, 
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flow reactor, stirred reactor, model combustors and engine studies. An excellent summary 

of the experimental work up to 1994 is given by Spadaccini et al.12 The results mainly show 

that the addition of higher-order hydrocarbons to the methane-based fuel has significant 

effects on the autoignition behavior of methane at high temperatures (T > 1300 K). It 

reduces the ignition-delay time of the fuel blend.12,14  

Many studies also investigate the effect of the most common diluents, N2, H2O, and 

CO2, on methane autoignition. Diluents normally have three impacts on a reaction: 

 Change mixture specific heat and adiabatic flame temperature, 

 Change chemical kinetic rates,  

 Change radiative heat transfer.  

The addition of N2 only changes the mixture specific heat and the adiabatic flame 

temperature, which can be determined with equilibrium calculations. However, CO2 has a 

relatively high specific heat capacity as compared to N2. Thus, more fractional energy is 

taken by CO2 and would result in lower temperature increases for the same amount of 

energy release, which means that the temperature rise, the reaction rate, and the flame speed 

would all be lower. CO2 also contributes to longer ignition delays and narrower 

flammability limits than the corresponding values for methane–air mixtures.  

 In addition, CO2 absorbs and emits radiation more effectively than O2 or N2. Thus, it 

enhances the level of radiation and emission and helps to control the temperature in oxy-

fuel reaction. Also, unlike N2, CO2 is not chemically inert but directly participates in the 

reaction through CO + OH ↔ CO2 + H15 which reduces the concentration of important 

radicals (H, O, OH) in the combustion chamber and decreases the burning velocity.  
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Table 2.4 to Table 2.11 show selected summaries of the studies. Some of the more 

relevant data from shock tube studies and flow reactor studies will be discussed later in this 

chapter. For more information regarding each of those studies, please refer to the references 

presented in the tables. Note that most of these studies were conducted at pressures below 

10 atm and in the high-temperature regime (T>1200K). Some of them cover pressures up 

to 480 atm.16–20 

Further analyses were done by Krishnan et al.,21 Zellner et al.,22 Frenklach, Bornside,23 

Gardiner et al.,22,24 Lamoureux  Paillard,13 Huang and Bushe,20 and Petersen et al.9,14,17–

19,25–34 All these attempts led to the development of the GRI-Mechanism,35 which can 

predict methane chemistry under high-temperature, low-pressure conditions very well. Li 

and Williams subsequently created a methane reaction mechanism that covers temperatures 

from 1000 to 2000 K and pressures up to 150 atm.36 

Petersen et al.9,14,17–19,25–34 also validated models of methane combustion at 

intermediate temperatures and higher pressures by using their fuel-rich data. Kozubková et 

al.37 tested the performance of global (one-step and two-step) chemical kinetics models for 

conditions of argon- and nitrogen-diluted flames. Two configurations, premixed flat flames 

and nonpremixed counter flow (opposed-jet) flame were considered. They showed that the 

reliability of global chemistry models was highly dependent on the level of dilution. The 

one-step predictions were satisfactory for a moderate level of dilution with non-premixed 

flames. The two-step chemical kinetics also predicted the temperature and concentration 

of the primary species in premixed flames adequately. Please note that the study was for 

dilution by argon and nitrogen. There is still doubt if the predictions would be reliable at 
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high levels of CO2. 

 

2.2.4.4. Shock tube tests 

Goy et al.43 determined the autoignition characteristics of methane over a range of 

temperatures, pressures, stoichiometric ratios, gas additives, and humidity levels. To assess 

the suitability of available mechanisms and correlations to predict the autoignition delay 

times at high pressure and low/moderate temperature, they compared experimental results 

against predictions using GRI – Mech35 and mechanisms from Spadaccini et al.12 and 

correlations from Li and Williams.36 They showed that if the temperature or the pressure 

increases, the autoignition delay time decreases. However, the dependency of the delay 

time on temperature is greater than that on pressure. Other researchers, such as Spadaccini 

et al.,12 Burcat et al.,41 and Petersen et al.,18 reached the same conclusion but under a 

different range of conditions. There is excellent agreement between Goy’s experimental 

data at high temperature and Burcat’s.41 Since GRI-Mech 3.0 is validated for temperatures 

above 1350 K, there is also good agreement between the predictions of GRI-Mech and the 

shock tube data at T>1300K. However, Goy et al. believe that GRI-Mech over-predicts the 

delay time at T<1300K because it cannot predict the observed changes in activation energy. 

Therefore, if GRI-Mech is used at lower temperatures, there is a risk of significantly over-

predicting the autoignition delay time.65 Since there are no other shock tube data available 

for lower temperature, the authors compared GRI-Mech to the low-temperature, flow 

reactor data. They showed that there was a remarkable difference between the two 

experimental techniques at these conditions. In fact, the fuel / air mixing time is embedded 
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in the flow reactor tests and the autoignition time observed by this technique is longer than 

the shock tube technique. Three factors contribute to the overall autoignition delay:  

 Time for fuel and air to mix 

 Time for the fuel and oxidizer temperature to rise 

 Chemical kinetic time for the autoignition reactions to initiate  

The shock tube technique measures only the delay due to chemical kinetics. Since there 

was good agreement between data from a flow reactor and the GRI-Mech predictions, they 

concluded that GRI-Mech takes into account all three delays and can be a reliable 

mechanism to predict the methane autoignition behavior at low to moderate temperatures 

and high pressure.43 Please note that the data presented were only for methane / air mixtures 

and the effect of CO2 dilution is not considered.  

Koroglu et al.33 also investigated the effects of CO2 dilution on the ignition of methane 

in a shock tube experiment. The summary of their experimental conditions is available in 

Table 2.4. Their data are of interest because they studied the relatively high level of CO2 

dilution (over 30 %) for methane combustion. They compared the experimental results with 

the predictions of two different natural gas mechanisms: GRI-Mech 3.0 and Aramco Mech 

1.3. Both mechanism predictions are in good agreement with the data. However, the 

Aramco Mech 1.3 predictions are in better agreement. Empirical correlations were also 

developed for methane ignition at different levels of CO2 dilution. 

They also performed sensitivity analyses to understand the influences of chemistry, 

collision efficiencies, and heat capacity of CO2 addition to the gas mixtures. The effects of 

chemistry and global collision efficiency were negligible for those particular experimental 
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conditions.  

Peterson17 performed over 80 experiments of the CH4/O2 mixture  from 1410 to 2040 

K at a pressures from 10 to 90 atm and equivalence  ratios from 0.5 to 4. Table 2.9 shows 

the mixture compositions used in his experiments. Peterson’s correlation for the 

methane/oxygen ignition delay is presented in Equation (2.12) where 𝝉𝒊𝒈 is in seconds, the 

activation energy (E) is 51.8 kcal/mol, T is in kelvin and concentrations are in mol/cm3.  

𝜏௜௚ = 4.05 ∗ 10ିଵହ[𝐶𝐻ସ]଴.ଷଷ[𝑂ଶ]ିଵ.଴ହ exp ቀ
ா

ோ்
ቁ                                                             (2.12) 

This correlation is valid for T=1400-2050 K, 𝜑 = 0.5 − 2, and concentrations up to 

[CH4]= 3.6*10-5 mole/cm3,  [O2]= 3.6*10-5 mole/cm3. In a separate study, Peterson et al.24 

studied the ignition behavior of different methane/hydrocarbon and methane/hydrogen 

mixtures. They used two CH4-only blends, two CH4/H2 blends (80/20 and 60/40), two 

CH4/C2H6 blends (90/10 and 70/30) and one CH4/C3H8 blend (80/20). The initial 

temperatures in the experiments ranged mainly from 1090 to 2001 K and pressures were 

from 0.5 to 25.3 atm. The equivalence ratio was 0.5 (𝜑 = 0.5). They demonstrated that 

hydrogen and higher-order hydrocarbons decrease the methane ignition delay time and 

accelerate methane ignition.  

As mentioned before, their observations were at initial temperature equal to 1090 to 

2001K which is higher than our desired design condition for the underground heater.  

Therefore, it is not possible to totally rely on their observations for our case. 

Other studies were performed at higher pressures and lower temperatures. For example, 

J. de Vries et al.9 studied the ignition behavior of methane/HC blends covering alkanes 

through n-pentane at P=20atm, Tinitial=800K and equivalence ratio of 0.5 (𝜑 = 0.5). They 



28 

 

 

 

studied 21 different fuel mixtures, and Table 2.11 shows that the average ignition time of 

methane- hydrocarbon blends is about 7.9 ms with a standard deviation of 1.9 ms. This is 

a relatively small variation compared to the larger impact of hydrocarbons on methane 

ignition at temperatures greater than 1200 K, as seen in Petersen et al.14  J. de Vries also 

showed when the initial temperature is not high, in this special case Tinitial=800K, specific 

hydrocarbons did not seem to have a great impact on the autoignition.  

 

 2.2.4.5. Flow reactor tests 

Holton et al.47conducted ignition delay time measurements, including methane and 

ethane mixtures, with small amounts of CO2 (5 and 10%). They found that ignition-delay 

in a blend at φ=0.5 and T=1137K, when diluted with 5% CO2, increased by only 2%. On 

the other hand, an addition of 10% CO2 to the same mixture resulted in longer times by 

46%. They related this observation to the third-body collision efficiencies of CO2, which 

is an order of magnitude greater than those of N2. 

Glarborg et al.45,46,66 studied the effect of the CO2 dilution on the methane oxidation in 

a flow reactor. They also developed a kinetic model for methane oxidation at a 

low/moderate temperature and high pressure. The details of their kinetic model will be 

discussed further in Chapter 5.  

In conclusion, there is little autoignition data available in the range of initial 

temperatures and pressures applicable to the proposed downhole heater designs. Many 

researchers have studied the autoignition characteristics of natural gas in shock tubes at 

high temperatures, typically above 1200 K, which is significantly above the inlet 
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temperature range applicable to the proposed heater. Much work has also been performed 

in flow reactors at moderate temperatures, but not at high pressure. To our knowledge, 

there is still a gap over the range of initial temperature from 800 to 1000 K, pressure from 

10 to 40 atm, and CO2 mole fraction more than 30%. Data in this region would help validate 

combustion reaction mechanisms.   

  

2.2.5. Flame Stability 

2.2.5.1. Definition of flame stability 

The other important concern related to heater design is flame stability.  Flame stability 

results from a balance of local flame speed and local flow velocity. It is usually 

characterized by lift-off velocity, lift-off height and blow-out velocity. Conditions for lift-

off and blow-out are important in developing a heater with stable flames. Thus, a brief 

literature review regarding the effect of heater diameter, O2 concentration and flue gas 

concentration on flame stability is provided.  

 

2.2.5.2. Correlations to predict lift-off height and blow-out velocity  

Several studies have modeled flame stability, lift-off and blow-out phenomena. In 

general, the models are classified into three categories:67 

1-  premixed flame propagation models 

2- laminar flamelet models 

3- large-scale turbulent structural mixing models 

The premixed flame propagation models assume sufficient premixing ahead of the 
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lifted flame. The laminar flamelet treat flame lift-off as the quenching of laminar flamelets. 

Finally, large-scale turbulent structural mixing models consider large-scale turbulent 

eddies as the controlling stability mechanism. One of the earliest correlations for lift-off 

height was derived by Kalghatgi.68 He conducted several experiments for H2, CH4, C2H4, 

and C3H6 with a wide range of jet exit diameters and concluded that the lift-off height 

increases linearly with the jet exit velocity and it is not dependent on jet diameter. He also 

derived a correlation for lift-off height which is shown in Equation (2.13): 

ℎ = 𝐶௛ ቆ
𝜐଴

𝑆௅ ௠௔௫
ଶ ቇ ൬

𝜌௝௘௧

𝜌ஶ
൰

ଵ.ହ

𝑈଴ (2.13) 

h : lift-off height (m) 

𝜐଴: fuel kinematic viscosity (m2/s) 

𝑆௅ ௠௔௫: maximum laminar flame speed 

U0: average jet velocity at the nozzle outlet (m/s) 

𝜌௝௘௧: density at the jet exit (kg/m3) 

𝜌ஶ:  air density (kg/m3) 

Ch ~ 50 

He also proposed an empirical equation for the blow-out velocity (𝑈௕௟௢௪ ௢௨௧ ) for CH4-

air, CH4-CO2, C3H6-air and C3H6- CO2 at various jet diameters:  

𝑈௕௟௢௪ ௢௨௧ =  𝑆௅ ௠௔௫(
𝜌ஶ

𝜌௝௘௧
)ଵ.ହ (0.017𝑅𝑒ு)( 1 − 3.5 ∗  10ି଺𝑅𝑒ு) (2.14) 

where 𝑅𝑒ு is Reynolds number based on dimensionless height, H, which is obtained from 

Equation (2.15). 
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𝐻 = ቈ 4
𝑌଴

𝑌௦௧
 ൬

𝜌௝௘௧

𝜌ஶ
൰

଴.ହ

+ 5.8 ቉ 𝑑଴ 
 (2.15) 

Y0: fuel mass fraction at the jet exit 

Yst: stoichiometric mass fraction 

d0: jet exit diameter (m) 

Broadwell et al.69 also developed a model for blow-out velocity as a function of 

diameter and maximum flame speed. They showed that the blow-out velocity increased 

linearly with the fuel nozzle diameter: 

𝜀஻ =  
𝑑଴𝑆௅

ଶ𝜓ଶ(
𝜌଴

𝜌ஶ
)଴.ହ

𝜒𝑈௕௟௢௪ ௢௨௧
 

(2.16) 

where, 𝜓 is the stoichiometric air-to-fuel ratio, and 𝜒 is the diffusivity. 𝜀஻ is the ratio of 

large scale mixing time, 𝜏ௗ, versus the chemical reaction time, 𝜏௖. Table 2.12 shows the 

values of 𝜀஻ for some fuels.    

 

 2.2.5.3. Effect of oxygen concentration on flame stability 

Because we will likely use oxygen-enriched gases instead of air as the oxidizer in the 

system, this section reviews the effect of oxygen concentration on flame stability.  Dearden 

et al.70 performed experiments and identified regimes of flame stabilization, lift-off and 

blow-out of turbulent methane flames with an oxygen enriched co-flowing oxidant stream 

(oxygen concentration between 21% and 32.5%). It showed that as oxygen concentration 

increases, the stability region became wider. For example, at 21% O2, the jet velocity 

should be less than 5m/s in order to have a stable flame, but at 31% O2% the stability 

extends to 20 m/s. Amato et al.71 observed similar results when they tested the effect of 
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equivalence ratio on stability of N2/O2 oxyfuel flames. They performed the measurements 

in a premixed swirl combustor; the fuel is injected into the oxidizer stream 150 cm 

upstream of the combustor to achieve fully premixed conditions. Reactant mixtures were 

preheated to 500F (590 K) before reaching the combustor inlet. 

Blow-off measurements were obtained with baseline CH4-air mixtures, and with CH4 

/O2 /CO2 and CH4 /O2 /N2 mixtures. For the CH4 / air mixtures, blow-off data were obtained 

by fixing the air flowrate and fuel/air ratio at some stable value. Then, the fuel flowrate 

was slowly turned down until the blow-off event. As such, blow-off was obtained by 

decreasing flame temperature and fuel/air ratio at a nearly constant nozzle exit velocity. 

For the oxygen system, blow-off data were obtained by fixing overall flowrates at some 

nominal velocity and the fuel/oxygen ratio at the desired stoichiometry. Then, the CO2 

flowrate was increased until the blow-off event. As such, blow-off was obtained at a fixed 

stoichiometry, a decreasing flame temperature and increasing nozzle exit velocity. A 

similar procedure was used to obtain a data set with an N2 /O2 system. It was shown that 

the mixture with an equivalence ratio equal to 0.9 blows off at lower temperatures, 

compared to the mixture at equivalence ratio equal to 1, due to the fact that the 

stoichiometric conditions are associated with slower chemistry.71 

The above results are for N2/O2 mixtures, but if we have flue gases such as CO2 in the 

system the results would be slightly different as discussed in Section 2.2.5.4, “Effect of 

flue gas on flame stability.” 

Other researchers showed that at any fixed average jet exit velocity, increasing the 

oxygen concentration reduces the lift-off height. On the other hand, the increase in lift-off 
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heights with relative average jet exit velocity weakly depends on the oxygen 

concentration.70 They also concluded that the lift-off height increases almost linearly with 

average jet exit velocity.  

 

2.2.5.4. Effect of flue gas on flame stability  

Studies show that CH4 /O2 /CO2 flames have slower chemical kinetics than CH4 / air 

flames. Thus, they are easier to blow off. This issue was investigated by A. Amato et al.71 

by characterizing the stability boundaries of a swirl-stabilized combustor. They compared 

near-stoichiometric CO2-diluted methane / O2 flames with lean CH4 /air flames. The blow-

off points for CO2-diluted systems at different equivalence ratios were studied. Unlike the 

CH4/N2/O2 systems discussed in the previous section, conditions with equivalence ratios 

closer to stoichiometric are easier to blow off for CH4/CO2/O2 mixtures. Thus, if we have 

excess O2 in the system, we may be able to improve the stability of the flame. These results 

were obtained at one atmosphere pressure. The authors also compared the results for P=1 

atm with the results at P=15 atm and showed that as pressure increases, the CH4/O2/CO2 

flame becomes more difficult to blow off, and thus is more stable.  
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2.3. Section II: Heterogeneous (catalytic) underground  

heater approach and associated literature on 

heterogeneous combustion  

2.3.1. Overview 

A second approach to designing an underground heater is a flameless catalytic heater, 

which would be based on either a fully heterogeneous reaction or a hybrid 

heterogeneous/homogeneous reaction. A brief explanation of the heater configuration, as 

well as some of the concerns regarding this approach, is presented. Then, a brief literature 

review regarding catalysts used for methane oxidation is presented.   

 

2.3.2. Heater configuration   

A schematic of the second heater approach is presented in Figure 2.2. The heater has 

two main pathways, the inner flow passageway and the outer flow passageway. The inner 

flow passageway comprises several reaction zones. Each zone has a mixing section for the 

oxidizer and fuel and a catalytic reaction section. The flue gases pass through the outer 

flow passageway, preheat the fuel and oxidizer and then return to the surface. In addition 

to the configuration explained above, there would be another approach, the hybrid 

approach. A hybrid concept includes a thin disk of catalyst material, mainly for starting up 

the reaction, followed by an open zone to allow the homogeneous oxidation of the 

premixed fuel/oxidizer stream. Like the other catalytic approach, the length of the heater 

would be divided up into a number of reaction zones, which would be hybrid 

heterogeneous/homogeneous oxidation zones. In both of these approaches, one of the main 
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concerns would be finding a catalyst with reasonable activity and stability for long-term 

operation. The focus of this section is mainly on this concern. Several studies have been 

performed to evaluate catalysts for methane oxidation. They focus on improving the 

activity, as well as the life-time and stability of the catalyst. The following is a brief 

literature review of the catalysts proposed for methane oxidation. 

 

2.3.3. Nobel metal catalysts 

A major requirement for the catalyst for underground heater purposes is that it must 

light off the methane/oxidizer mixture at a temperature around 800K and at high pressure. 

The catalysts mainly suggested and employed for catalytic flameless combustion are 

supported noble metals. Noble metals (Pt, Pd, Rh, and Ir) have been widely used for low 

temperature methane oxidation. Among them, Pt and Pd are used most widely due to their 

high activities. Pd is even more active than Pt.73Palladium oxide (PdO) supported catalysts 

have been shown to initiate the oxidation of methane at about 700K; however, they become 

deactivated at atmospheric pressure and about 1100K through conversion to Pd and 

sintering.74 There are several factors such as catalyst pretreatment, calcination temperature, 

precursors, catalyst support, and reaction conditions, which affect the catalyst activity and 

stability.  

In terms of catalyst supports, most studies have focused on alumina as a support for Pd. 

Li et al.73 summarized these studies, as presented in Table 2.13. 

The University of Utah has also performed experiments on complete methane oxidation 

with an alumina–supported Pd catalyst with the properties in Table 2.14. The experimental 
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results showed that the catalyst had good activity for methane oxidation. The stability of 

the catalyst was not tested, however. Additional details of the experiment and the results 

obtained are provided in Chapter 4. 

 

2.3.4. Transition metal catalysts 

Apart from noble metals, some other catalysts that are less expensive have been 

synthesized for methane oxidation. Perovskite-type transition metal oxide mixtures are 

suggested as  replacements for noble metals.75–77 These types of catalysts are generally 

mixed oxides of general formula ABO3±δ, where A is usually a lanthanide ion and B is a 

transition metal ion like Co, Fe, Mn, or Ni.78  For this type of catalyst, most of the tests for 

activity have been carried out at temperatures around 600ºC.75–78 

The preparation method determines if a catalyst is active and durable. The procedures 

mostly proposed cannot readily provide both high surface area and thermal resistance to 

sintering. Forni et al.75 found that flame-hydrolysis (FH) provides perovskitic catalysts 

with high crystallinity, high surface area, high thermal resistance and high activity for 

flameless combustion of methane.  

In general, these types of catalysts are still not suitable for long-term industrial 

operation, and research is still going on to improve them. Some companies such as Fast 

Engineering Ltd.79 have claimed that they have developed a hydrocarbon oxidation catalyst 

which has been operated for 4-5 years at temperatures around 1300 –1600 K. This catalyst 

consists of an alumina carrier coated with nickel oxide, NiO. Additional characteristics are 

given in Table 2.15. 
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2.3.5. Summary 

Chapter 2 consists of two sections. In Section I, the proposed heater concept is for the 

homogeneous oxidation of diluted natural gas /oxygen mixtures at high pressures and low 

temperatures (P~10-30 atm and T~ 700- 1000K). The main focus of Section I was to study 

the combustion behavior of that mixture at appropriate heater operating conditions, and 

investigate the effects of pressure, temperature and diluent on flammability, ignition and 

stability. The first part of Section I focused on the effects of pressure and temperature on 

flammability limits. It is demonstrated that both temperature and pressure have a notable 

effect on flammability limits, such that it is not possible to use flammability data at ambient 

condition for heater calculations. It was shown that pressure has a more significant effect 

on UFL than LFL. Generally, we can say that higher pressure tends to keep the fuel mixture 

in the flammable range. The highest temperature was 473K, which is below our desired 

operating temperature. If we extrapolate the data to higher temperatures, we can expect to 

have LFL ~ 3.5mole % and UFL ~ 47 vol % at 773K and 20 atm. Please note that these 

numbers are only based on extrapolation and are not accurate enough to be used in critical 

design calculations.  

The above information is all for CH4/air mixtures; however, fuel/O2 mixtures will likely 

be used in the proposed heater, and there will likely be flue gas to dilute the system and 

control the temperature. In addition, we will be using natural gas instead of pure CH4 in 

the system; therefore, there will be traces of higher hydrocarbons. Thus, it is important to 

understand how combustion behavior will change when we have O2, flue gas, H2 and 

higher hydrocarbons. Table 2.4 to 2.11 summarize the studies performed to investigate 
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these effects. Two different experimental methods were compared.  Experimental data 

obtained by flow reactors were discussed and shown to be generally more representative 

of the ignition behavior of the gas mixtures in actual applications. It was also shown that 

at low or moderate temperature, predictions based on the GRI-Mech kinetic mechanism is 

more compatible with data obtained from a flow reactor. There are currently little 

autoignition data available in the range of temperatures from 800 to 1000 K, pressures from 

10 to 40 atm, and CO2 mole fractions greater than 30%.  The effect of flue gas as a diluent 

in the system may push the fuel-oxygen mixture outside the limits of flammability. Thus, 

it is still necessary to collect data at the desired operating conditions for our proposed heater 

configuration. 

In addition, the effect of higher hydrocarbons and hydrogen on ignition behavior of the 

fuel/oxidizer mixture was discussed in this section. Research shows that although the 

presence of higher hydrocarbons and hydrogen can accelerate methane ignition at high 

initial temperatures (1200-2000K), it doesn’t have any significant effect on methane 

ignition at lower temperatures (T~800K). Please note that those studies were done mostly 

at high pressure (P~20 atm), and the effect of pressure was also considered in the results. 

We can conclude that there would be a minor effect of higher hydrocarbons and hydrogen 

on ignition properties of methane at our desired operating conditions.  

Finally, flame stability was reviewed. There are several factors, such as pressure, 

nozzle diameter, gas exit velocity, O2 concentration, and flue gas species concentration that 

affect flame stability. The data show that the presence of flue gas species such as CO2 

decrease flame stability. On the other hand, increasing the pressure or O2 concentration 
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help to improve flame stability.  

In Section II, a brief explanation of the catalytic heater configuration was provided. 

This section was mostly focused on studies carried out to find a suitable catalyst for 

methane oxidation. Methane oxidation catalysts are divided into two categories, noble 

metal catalysts and transition metal catalysts. 

 Noble metal oxide-supported catalysts usually show good activity, but they can be 

sintered and deactivated at higher temperatures. The University of Utah also performed an 

experimental study and investigated the activity of an alumina–supported Pd catalyst on 

methane oxidation. The catalyst showed very good activity towards methane oxidation but 

the long-term stability of the catalyst was not tested. For more information regarding this 

experiment, please refer to Chapter 4. 

Several studies have been done so far to investigate the effect of different transition 

metals, precursors, catalyst supports as well as synthesis methods on the activity and 

stability of the catalysts. Fast Engineering Ltd. has claimed79 that they developed a 

transition-metal-type catalyst for hydrocarbon oxidation that worked for 4-5 years at 

temperatures in the range of 1300–1600 K. This catalyst consists of an alumina carrier 

coated with nickel oxide, NiO. Some specifications of this catalyst were provided in Table 

2.15. No additional information has been found for this catalyst to date.  
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Figure 2.1: Heater configuration (homogenous reaction concept) 

 

 

 

 

Figure 2.2: Catalytic bed heater configuration72 
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Table 2.1: Coefficients of Equation (2.9)3 

 

 
 

Table 2.2: Coefficients of Equation (2.10)3 

 

 

 

Table 2.3: Classification criteria8 

Type of reaction Temperature rise Maximum pressure ratio 

No reaction Very small =1 

Autoignition >200 ◦C > 1 

Cool flame < 200 ◦C < 2 
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Table 2.4: Summary of shock-tube studies with methane-based fuel blends 

Authors Fuel Oxidizers Additives 
T  

(K) 
P  

(atm) 
Equivalence 

ratio 
Mechanism used in 

the Model 

Higgin and 
Williams, 

196938 
CH4 - C4 

1800
- 

2500 

0.2- 
0.4 

0.5 Not Applicable 

Burcat et al., 
197139 

CH4 O2-Ar  
1476

- 
1900 

11.2- 
15.3 

- Not Applicable 

Lifshitz et 
al., 197140 

CH4 O2-Ar H2, C3 
1500

-
2150 

2-10 0.5-2 Not Applicable 

Crossley et 
al., 197241 

CH4 O2-Ar C2-C5 
1400

-
2000 

0.2 1 Not Applicable 

Tsuboi, T , 
Wanger, 
197416 

CH4 O2-Ar - 
1200

-
2100 

0-300 0.2-2 Not Applicable 

Zellner et 
al., 198322 

CH4 air C2-C4 
1400

-
2000 

3 0.2 Not Applicable 

Eubank et 
al., 198324 

CH4 air C2-C4 
1200

-
1850 

4 0.2-0.4 Not Applicable 

Krishnan et 
al., 198321 

CH4 O2-Ar C2H2 
1700

-
1900 

1-4 0.5-2 Not Applicable 
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Table 2.4: Continued 

Authors Fuel Oxidizers Additives 
T 

(K) 
P 

(atm) 
Equivalence 

ratio 
Mechanism used in 

the Model 

Spadaccini 
and Colket, 

198412 
CH4 - C2-C4 

1300
-

2000 
3-15 0.45-1.25 Not Applicable 

Cheng and 
Oppenheim, 

198442 
CH4 O2-Ar H2 

800-
2400 

1-3 0.5-1.25 Not Applicable 

Frenklach 
and 

Bornside, 
198423 

CH4 - C3 
1300

-
1600 

2.5 1 Not Applicable 

Petersen et 
al., 199617 

CH4 
O2-Ar or 

O2-N2 
 

1410
-

2040 
9-480 0.5-4 GRI mech 1.2 

Spadaccini 
et al., 199912 

CH4 - C2-C4 
1300

-
2000 

3-15 0.45-1.25 Not Applicable 

Petersen et 
al., 199918 

CH4 O2-Ar - 
1040

-
1500 

40-
260 

0.4-6 

developed a detailed 
kinetic mech predict 

the ignition 
characteristics of 
their shock tube 

experiments, 
compared to GRI 

mech 

Goy et al., 
200143 

CH4 air 
C2-C3, 
H2O 

900-
1700 

5-20 0.5-1 

GRI mech, 
Spadaccini et 

al.12correlation and 
one correlation from 

Li & Williams  

Lamoureux 
and 

Paillard., 
200213 

CH4 - C2-C3 
1485

-
1900 

3-13 0.5-2 Not Applicable 
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Table 2.4: Continued 

Authors Fuel Oxidizers Additives 
T 

(K) 
P 

(atm) 
Equivalence 

ratio 
Mechanism used in 

the Model 

Zhukov et 
al, 2003 19 

CH4 air  
1200

-
1700 

30-
450 

0.5 GRI mech 3.0 

Bakali et al, 
2004 44 

CH4 O2-Ar C2-C6 
1300

-
1800 

0.1 0.75-1.5 
developed a model, 
671 reactions, 99 

species 

Huang and 
Bushe, 2005 

20 
CH4  C2-C6 

900-
1400 

16-40 1 Not Applicable 

Petersen et 
al, 2005 14 

CH4 air C2-C6, H2 
1200

-
2000 

0.54 -
25 

0.5 GRI mech 3.0 

Petersen et 
al, 2007 9 

CH4 O2-Ar C2-C5, H2 
800-
1100 

15.5-
27.5 

0.5 

Curran et al., GRI 
mech, Konnov et al, 
EXGAS, Williams 

et al 

Koroglu et 
al, 2016  33 

CH4 

O2-Ar- 
CO2 and 
O2-N2- 

CO2 

 
1577

-
2144 

0.53-
4.4 

0.5-2 
GRI mech 3.0 / 

Aramco Mech 1.3 
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Table 2.5: Summary of flow reactor autoignition studies with methane-based fuel blends 

Authors Fuel Oxidizers Additives T (K) 
P 

(atm) 
Equivalence 

ratio 
Mechanism Used 

in the Model 

Glarborg et 
al., 200845 

CH4 
O2-N2,  
O2-CO2 

 1200-
1800 

1 0.5-2 
detailed Mech 
(60species, 424 
reactions) 

Glarborg et 
al., 200946 

CH4+
NO 

N2- CO2  1173-
1773 

  
detailed Mech 
(97species, 779 
reactions) 

McDonell et 
al,. 201032 

CH4 air C2-C3 
785-
935 

7-15 0.6  Not Applicable 

 Holton et 
al., 201047 

CH4 
O2-N2/ 
O2-CO2 

C2-C3 
930-
1140 

1 0.5-1.25 
 developed a 
correlation 

  

 

Table 2.6: Summary of autoignition studies with methane-based fuel blends in spherical 
vessels 

Authors Fuel Oxidizers Additives 
T 

(K) 
P 

(atm) 
Mechanism Used in the 

Model 
Setup 

Berghmans 
et al., 1997 3 

CH4 air  - 
293-
473 

1-55  Not Applicable 
vessel 
(8 dm3) 

Berghmans 
et al., 199911 

CH4 
(30-
84%) 

air  - 683 2-47   Not Applicable 
vessel 
(8 dm3) 
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Table 2.6: Continued 

Authors Fuel Oxidizers Additives 
T 

(K) 
P 

(atm) 
Mechanism Used in the 

Model 
Set up 

HONG et 
al., 200248 

CH4 air  - 
1200
-
1500  

densit
y: 
20.4 
kg/m3 

reduced GRI mech 1.2 
(24 species and 104 
elementary 
reactions), developed a 
correlation 

vessel 

Pekalskia et 
al., 200549 

ethylen  -  -  -  -   Not Applicable 
vessel 
(20 L) 

Berghmans 
et al., 20085 

CH4 air C3-C4  - 1-30 
Fluent (GRI Mech 3.0) 
 

vessel 
(8 dm3) 

Di 
Benedetto , 
201250 

CH4 
O2-N2, 
O2-CO2 

 - 300 1 
study the flammability 
limit 

vessel 
(5 dm3) 

 

 
Table 2.7: Summary of autoignition studies with methane-based fuel blends in stirred 

reactor 

Authors Fuel Oxidizers Additives 
T 

(K) 
P 

(atm) 
Equivalence 

ratio 

mechanism 
used in the 

model 
Setup 

Bakali et 
al., 200444 

CH4 O2-Ar C6 
1300
-
1800 

0.1 0.75-1.5 

developed 
a model, 
671 
reactions, 
99 species 

jet-stirred 
reactor 

Dagaut  et 
al., 200553 

CH4 
O2-Ar, 
O2-N2 

C2 
1000
-
1350 

10 -  
  Not 
Applicable 

jet-stirred 
reactor 
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Table 2.8: Summary of autoignition studies with methane-based fuel blends in heaters 

Authors Fuel Oxidizers 
T 

(K) 
P 

(atm) 
Equivalen

ce ratio 
modeling Set up 

Rabbo et al., 
200154 

NG  
Air-CO2, 
air-N2 

 -   -  - 
  Not 
Applicable 

high speed indirect 
injection dual fuel 
engine 

Konnov et al., 
200555 

CH4 O2-CO2 
323-
338 

 - 0.5-1.5 
  Not 
Applicable 

heater 

Jianchun et 
al., 200956 

CH4 air  -  -  - 
CFD 
simulation 
with fluent 

furnace  

Kneer at al., 
201015 

CH4 
O2-CO2, 
O2-N2 

900  - 
O2/fuel=1.
15 

  Not 
Applicable 

furnace (flameless 
combustion heater) 

Mi et al., 
201130 

NG air  - 1 0.5-1 
CFD 
simulation 
with fluent 

furnace  

Mi et al., 
201157 

NG 
O2-CO2, 
O2-N2 

 -  -  - 
  Not 
Applicable 

simulation (furnace) 

de Persis et 
al., 201358 

 -  -  -  -  - 
  Not 
Applicable 

4 lit combustion 
chamber 

Zhang et al., 
201530 

NG, 
LPG 

O2-CO2, 
O2-N2 

300  -  - 

well stirred 
reactor 
(CHEMKIN
, GRI mech 
3.0) 

Furnace 
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Table 2.9: Summary of simulations to study the autoignition of methane-based fuel blend 

Authors Fuel Oxidizers Additives 
T 

(K) 
P 

(atm) 
Equivalence 

ratio 
Mechanisms 

Yoseffi et 
al., 199559 

CH4 
O2-N2,   
O2-CO2 

C2 
1300
-
1700 

9, 16  -   Not Applicable 

Liu et al., 
200348 

CH4, 
H2 

O2-N2,   
O2-CO2 

 -  -  -  - 
CHEMKIN,  
GRI Mech 3.0 

Madnia et 
al., 200560 

CH4, 
H2 

O2-N2  -  -  -  - 

GRI-Mech 3.0 and 
two augmented 
reduced 
mechanisms (11-
step and 12-step). 

Samuelsen 
et al., 200761 

CH4  - C2-C3 
773-
1573 

1-15 0.4-1   Not Applicable 

Thiessen et 
al., 200762 

CH4 
O2-N2,   
O2-CO2            

(0-90%) 
 - 

800-
1200 

1, 10 1 GRI Mech 3.0 

Petersen et 
al., 20089 

CH4 air H2, CO2 
300-
460 

1,4.4, 
15 

0.4 GRI Mech 3.0 
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Table 2.9. Continued 

Authors Fuel Oxidizers Additives 
T 
(K) 

P 
(atm) 

Equivalence 
ratio 

Mechanisms 

Van den 
Schoor et 
al., 20095 

Amon
ia/CH4 

air  - 723 1  -   Not Applicable 

Karim et al., 
201062 

CH4 air H2 1000 1-100  -   Not Applicable 

Krishnan et 
al., 201263 

H2 
CO2, H2O, 
N2, and O2 

CH4, 
C2H5OH,
C8H18 

300-
1200  

1-10 0.3-1.5   Not Applicable 

Kozubková 
et al., 201264 

CH4 O2-Ar-N2  - 300 1 1 

One-step ZC 
model/ One-step 
PS model/ Two-
step WD 
model/Two-step 
CM model/ GRI 
Mech 3.0 

ZHU Tong 
et al., 201229 

CH4 Air-CO2  - 
1200
-
1600 

1 0.2-2 GRI Mech 3.0 

Liu et al., 
201648 

NG 
O2-N2, O2-
CO2 

 -  -  -  - GRI Mech 2.11 
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Table 2.10: Gas mixture compositions used in Peterson’s experiments17 
Mixture %CH4 % O2 % Ar %N2 ∅ 

1 0.25 1.00 98.75 - 0.5 

2 0.5 2.00 97.50 - 0.5 

2N 0.52 2.02 - 97.46 0.5 

3 1.00 4.00 95.00 - 0.5 

4 0.25 0.56 99.16 - 1.0 

5 0.56 1.14 98.30 - 1.0 

6 1.02 2.04 96.94 - 1.0 

7 3.40 6.70 89.90 - 1.0 

8 0.25 0.25 99.50 - 2.0 

9 0.50 0.50 99.00 - 2.0 

10 5.00 5.00 90.00 - 2.0 

11 0.25 0.14 99.61 - 3.6 

12 0.50 0.25 99.25 - 4.0 
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Table 2.11: Mixture table with experimental results on the right column9 

 

The numbers for each fuel species represent the mole fraction of that fuel in the blend. 

Each mixture was mixed with O2–Ar ‘‘air’’ at 𝜑= 0.5. 
a Specifies mixtures that were created using N2 as a bath gas. 

 

 

Table 2.12: Values of 𝜺𝑩
69 

Gas 𝜀஻ 
Methane 4.6 
Propane 5.6 
Ethylene 5.3 

Acetylene 3.9 
Hydrogen 4.4 

Butane 4.8 
Average value 4.8 
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Table 2.13: Summary of selected data on complete methane oxidation over alumina–
supported Pd catalysts73 

 

a: The catalyst was prepared by PdCl2, b: it was prepared by Pd(NO3)2, c: it was prepared 

by Pd(NO3)2 
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Table 2.14: Specification of the alumina-supported Pd catalyst used by the University of 
Utah 

Alumina – supported Pd catalyst (BASF PuriStar, Ro-20/47) 

Pd (% wt) 0.5 

Particle shape Beads 

Diameter (mm) 2-4 

Surface area (m2/g) 250-300 

Max. Temperature (ºC) 600 

Price $250/500gr 

 

 

Table 2.15: Characteristics of hydrocarbon oxidation catalyst developed by Fast 
Engineering Ltd.79 

Nickel oxide fraction (wt %) 9.0 

Specific granule surface, cm2/cm3 31.8 

Bulk density (gr/cm3) 1.46 

Granule diameter (mm) 1.3 

Granule height (mm) 2.0 – 6.0 

Mechanical strength (kg/mm2) 2.8 

 

 



CHAPTER 3 

 

ENGINEERING CALCULATIONS 

 

3.1. Overview 

Chapter 3 summarizes preliminary engineering calculations to support design of a new 

heater configuration. It consists of two sections. In Section I, macroscopic mass, 

momentum, and energy balance calculations are performed to determine appropriate sizes 

for feeder pipes and nozzles, as well as the pressure distributions in different sections of 

the heater. In Section II, overall energy balance and heat transfer calculations are used to 

determine the required gas mixture temperature to meet design specifications. The results 

of this chapter are the input for future calculations. 

 

3.2. Section I: Determining the appropriate sizes for feeder pipes, 

 nozzles/holes 

3.2.1. Overview 

As shown in Figures 3.1 to 3.3, the homogeneous burner approach consists of two 

perforated pipes that inject the fuel and oxidizer into the perforated reaction chamber. It is 

critical to design a system appropriately so that the fuel and oxidizer are provided in a 

controlled way along the length of the burner. Section I summarizes the engineering 

calculations to determine the appropriate size of feeder pipes, and the size and spacing of 
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the holes in the pipes, so that a uniform distribution of fuel and oxidant is obtained. Two 

different scenarios were considered. First, the size of the feeder pipes (manifolds) was held 

constant, and the hole sizes change along the length of the system. Second, the size of the 

holes was held constant, and the pipe diameter was varied along the system. 

 In the first scenario, the calculation was based on three different approaches, starting 

with a basic approach that used a number of simplifying assumptions. Ultimately, a more 

sophisticated approach was utilized to more accurately determine the appropriate size of 

the holes.  

For the second scenario, the axial pressure of the volume surrounding the fuel and 

oxidant pipes (Pchamber) was assumed constant as a design constraint. It was assumed that 

the gases were injected through the feeder pipe holes into a chamber where the pressure 

was constant along the length of chamber. Then, the cross-sectional area of the feeder pipe 

(manifold) was determined as a function of the distance from the pipe inlet (x), such that 

the pressure could be maintained constant. A summary of the results from these two 

different scenarios is presented and discussed below. 

 

3.2.2. Introduction 

As shown in Figure 3.2, the heater consists of two closed lengths of pipes having a row 

of holes along the length. The gases are introduced into the open end. Despite its physical 

simplicity, it is challenging to understand the gas flows and to develop a system to provide 

a uniform flow and combustion rate throughout the 2000 ft of the heater.   

Dow et al.1 set up and solved a system of ordinary differential equations for the case of 
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constant  discharge along the length of a manifold (perforated pipe). That solution became 

the basis for our design calculations of a pipe burner having uniform heating along its 

length.  The model assumed that the static pressure remained constant along the length of 

the perforated pipe, which ensures a uniform flow passing through the holes. The 

assumption also implies that the pressure drop due to friction losses in the perforated pipe 

should be equal to pressure increase due to the deceleration of the flow that occurs as the 

gas escapes through the holes.  

The general manifold problem seeks the relation between pressure head, nozzle and 

manifold velocities, fluid friction, length and diameter of manifold, nozzle spacing, and 

diameters.2 In particular,  

 For a required discharge, what is the required pressure at the manifold inlet? 

 What is the distribution of discharge along the manifold length? 

 What conditions provide uniform distribution along the manifold? 

The requirement of having a uniform discharge per unit of length (L) facilitates the 

determination one of the below parameters; 

 Holes diameter, d, where manifold diameter (D) and number of holes (n) are 

uniform 

 Holes spacing, Ln, where the manifold diameter (D) and the hole diameter (d) are 

uniform 

 Perforated pipe diameter, D, where the hole diameter (d) and number of holes (n) 

are uniform.  

The manifold problem can be classified into two cases: 
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Case 1: The cross-sectional area of the manifold (A) and the discharge flowrate (q) 

are known; the diameter of the holes (d) or their spacing (Ln) will be calculated. 

Case 2: The discharge rate (q), hole diameters (d), and their spacing (Ln) are known; 

the cross-sectional area of the manifold (A) as a function of the distance to the inlet 

end (x) will be calculated.   

There are three approaches to solve Case 1. In the first two, it is assumed that the flow 

is passing through the holes into a constant pressure environment. However, the third 

approach is more sophisticated and does not assume constant pressure for the chamber 

surrounding the perforated pipes (manifold). The results obtained from each approach will 

be presented and compared in the following section.   

In Case 2, it was assumed that the pipe diameter was changing so that there was no 

pressure drop in the perforated pipe (dP/dx=0). In all calculations, CH4 was the fuel and 

O2 was the oxidizer.  The inlet gas temperature and pressure were 900 K and 10 bar. The 

reaction was not considered in the calculation and the gas was assumed to be ideal.  

 

3.2.3. Case 1: the cross-sectional area of the perforated pipe (A) and 

 the discharge flowrate (q) are known; the diameter of the holes (d) 

 or their spacing (Ln) will be calculated  

It was assumed that the cross-sectional area of the perforated feeder pipe (A) and the 

discharge flowrate (q) were known. The diameter of the holes (d) or the spacing (Ln) were 

determined by three different approaches, as explained in the following.  
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 3.2.3.1. Case 1, approach 1 

D. S. Miller3,4 proposed an engineering estimation to reach a uniform discharge along 

the length of a manifold (perforated pipe). He defined the loss ratio (LR) as the ratio 

between the entire cross-sectional area of the holes, to the perforated pipe cross-sectional 

area.  He suggested that the loss ratio should be less than 0.5 to have a uniform flow across 

the holes.  

Equation (3-1) shows the definition of the Loss Ratio (LR). Equation (3-2) shows the 

relation between the perforated pipe diameter (D) and the maximum hole diameter (d) to 

maintain a uniform discharge along the perforated feeder pipe. 

Loss ratio =  (
Total hole cross −  sectional area

feeder pipe cross −  sectional area
)ଶ = (

nAୠ

A
)ଶ =  (

ndଶ

Dଶ
)ଶ     (3-1) 

where  

Ab: a hole cross-sectional area  

A: perforated feeder pipe cross-sectional area  

n: numbers of holes 

d: hole diameter 

D: perforated pipe diameter  

The loss ratio should be less than 0.5 to have a uniform flow.   

 (
n dଶ

Dଶ
)ଶ < 0.5  →  dଶ <  

√0.5 Dଶ

n
 (3-2) 

Assuming there is a uniform discharge through all the holes, a mass balance provides 

the relationship between velocity in the holes (u) and the feeder pipe inlet velocity (V0). 
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u =  
q

Aୠ
=

(
Q୧

n
)

Aୠ
=

(
Q୧

n
)

(
πdଶ

4
)

=  
(
Q୧

n
)

(
π
4

√0.5 Dଶ

n
) 

=
Q୧

√0.5 (
πDଶ

4
)

=  
V଴

√0.5
 → u

=  
V଴

ඥ(loss ratio)
 

(3-3)  

where 

n: number of holes 

Aୠ: cross-sectional area of a hole 

u: minimum hole velocity which can provide a uniform discharge 

V଴: feeder pipe inlet velocity 

Q୧: feeder pipe inlet flowrate 

q: flowrate through a hole (q =
୕౟

୬
)  

For 3-inch diameter feeder pipes, the total fuel and oxidizer inlet flowrates are 2.61*103 

ft3/hr and 5.24*103 ft3/hr at 10 bar and 900 K.  Based on this analysis, the hole diameter in 

the feeder pipes should be equal to or less than 
ଵ

ଶ
 inches so that the flow discharge along 

the perforated pipe remains uniform. If the feeder pipe diameters and the hole spacing 

increase, the size of the holes also increases. For example, for 4-inch diameter pipe the hole 

size will be ¾ in and for a 5-inch pipe the hole size will be 1 in. This approach results in 

an approximate maldistribution of 10%. The maldistribution is defined as the percentage 

variation in flow between the first and last holes. It may be estimated reasonably well for 

small maldistribution by Equation (3-4).5 The pressure drop across the holes (∆P୭) is 5.2 

times the pressure drop over the perforated feeder pipe (∆P). 
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Percent maldistribution = 100 ቌ1 − ඨ
∆P୭ − ∆P

∆P୭
ቍ = 10 

→ ∆P୭~5.2 ∆P   

 

(3-4) 

 3.2.3.2. Case 1, approach 2 

Perry’s Chemical Engineering Handbook5 states that to obtain a uniform flow 

discharge,  the average pressure drop across the holes (∆P୭) should be ten times larger than 

the pressure variation over the length of the perforated pipe (∆P). Thus, the relative 

difference in pressure drop across the various holes becomes small, and so does the change 

in flow passing through the holes. 

→
( ୮୰ୣୱୱ୳୰ୣ ୢ୰୭୮ ୟୡ୰୭ୱୱ ୲୦ୣ ୦୭୪ୣୱ)

(୮୰ୣୱୱ୳୰ୣ ୢ୰୭୮ ୭୴ୣ୰ ୲୦ୣ ୪ୣ୬୥୲୦ ୭୤ ୲୦ୣ ୮୧୮ୣ)
= 10  

(3-5)  

When the area of an individual hole is small compare to the cross-sectional area of the 

perforated pipe, the hole pressure drop (∆P𝐨) is expressed by Equation (3-6). 

∆P୭ =  
1

C଴
ଶ

ρuଶ

2
 

(3-6) 

where 

Co: discharge coefficient (taken to be 0.62 for all holes 2) 

u:  hole velocity (u =
ସ୯

஠ୢమ
) 

d: hole diameter 

q: hole flowrate  

To determine the appropriate size of the holes, first, the pressure drop over the length 

of the perforated pipe (∆P) was calculated, and then the pressure drop across the holes 
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(∆P୭) was determined by Equation (3-5). Substituting ∆P୭in Equation (3-6), we estimated 

the velocity in the holes. Then, the diameter of a hole was calculated based on the 

volumetric flowrate and the gas velocity. 

The flowrate and the velocity of the gas in the perforated pipe decreases as the gas is 

injected into the reaction chamber. Thus, the flow pattern eventually changes from 

turbulent to laminar.  Depending on the flow regime, the friction factor (f) changes along 

the perforated pipe. Therefore, the perforated pipe was divided into short sections where a 

constant friction factor, f, was assumed in each. For a 3-inch diameter pipe, the feeder pipe 

hole diameter changes from approximately 1/4 inch to 1/2 inch along the 2000 ft pipe. For 

a 4-inch diameter feeder pipe, the hole size changes from approximately ¼ inch to ¾ inch. 

The hole size for a 5-inch diameter feeder pipe varies from approximately ½ inch to 1 inch.  

 

3.2.3.3. Case 1, approach 3 

In the first two approaches, it was assumed that the pressure in the reaction chamber 

(where the perforated feeder pipes are located) is constant. However, as illustrated in Figure 

3.2, the perforated feeder pipes are located inside a chamber where the pressure is not 

constant along the length of it. It was assumed that the perorated pipe diameter (D) and the 

inlet gas flowrate were known. Some steps were followed to calculate the diameter of the 

holes and their spacing; 

1. Develop an equation for the pressure inside the perforated pipe (P) as a function of 

the length of the perforated pipe (x) 

2. Develop an equation for the pressure inside the perforated pipe (P) as a function of 
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the hole diameter (d) and the pressure in the reaction chamber, Pchamber  

3. Couple the two equations to generate an equation for the hole diameter (d) as a 

function of the length of the perforated pipe (x).  

Each of these steps are discussed in more detail in the following. To have a uniform 

discharge distribution from a perforated pipe into the chamber, the pressure drop due to 

friction losses in the perforated pipe should be balanced by the pressure increase due to 

deceleration of the flow.1 “In general, the pressure loss due to friction is related to the 

surface of the pipe, while the pressure gain due to deceleration is related to the cross-

sectional area of the pipe. Therefore, it is possible to control the pressure by adjusting the 

ratio of these two areas.”1 

3.2.3.3.1. Developing an equation for the pressure of the perforated pipe (P) as a 

function of the perforated pipe length (x). Equation (3-7) is the general equation of motion 

for a flow in a pipe with a constant cross-sectional area. The underlying assumptions for 

the calculation are: an isothermal condition, the flow is steady state and on a streamline, 

and the gas density is constant along the pipe. 

→  
ୢ (୔ା

ಙ

మ
୚మ)

ୢ୶
=  −

஛஡୚మ

ଶୈ
 →  

ୢ୔

ୢ୶
=  −

஡

ଶ
2V

ୢ୚

ୢ୶
−

஛஡

ଶୈ
Vଶ       (3-7)  

where 

D: perforated pipe diameter.  

P: pressure along the perforated pipe 

V0: perforated pipe inlet velocity 

V: gas velocity inside the perforated pipe 
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λ: Coefficient of fluid friction 

We assumed the equations for fluid friction in nonperforated pipes also hold for 

perforated pipes. Blasius’s law was used to calculate the friction factor for turbulent flow 

inside the perforated pipe. 

λ = 0.316 Reି
ଵ
ସ (3-8) 

Blasius’s law is good for smooth pipe of uniform diameter where 3*103<Re<1*105. 

Since the Blasius’s law requirements were not satisfied for the entire length of the pipe, the 

problem was solved section by section. For the end section of the heater where the flow is 

laminar, we can use λ =
଺ସ

ோ௘
. The gas velocity changed linearly through the perforated feeder 

pipe as Equation (3-9), where V is the gas velocity in the perforated pipe, and V0 is the 

inlet gas velocity in the perforated pipe. The pressure head in the perforated pipe was 

calculated by substituting. 

V =  V଴ ቀ1 −
୶

୐
ቁ →  

ୢ୚

ୢ୶
= − 

୚బ

୐
     (3-9) 

𝛌 and V from Equations (3-8) and (3-9)  into Equation (3-7) to yield:  

𝑊ℎ𝑒𝑛 𝑓𝑙𝑜𝑤 𝑖𝑠 𝑡𝑢𝑟𝑏𝑢𝑙𝑒𝑛𝑡: 
dP

dx
=

ρV଴
ଶ

L
ቀ1 −

x

L
ቁ −  

0.158 ρ ϑ
ଵ
ସ V଴

଻
ସ

D
ହ
ସ

 ቀ1 −
x

L
ቁ

଻
ସ

      (3-10) 

𝑊ℎ𝑒𝑛 𝑓𝑙𝑜𝑤 𝑖𝑠 𝑙𝑎𝑚𝑖𝑛𝑎𝑟: 
dP

dx
= ቀ1 −

x

L
ቁ (

ρV଴
ଶ

L
−

32μV଴

𝐷ଶ
) 

 
 

𝑊ℎ𝑒𝑛 𝑓𝑙𝑜𝑤 𝑖𝑠 𝑙𝑎𝑚𝑖𝑛𝑎𝑟: 
dP

dx
= ቀ1 −

x

L
ቁ (

ρV଴
ଶ

L
−

32μV଴

𝐷ଶ
)3.2.3.2.2. 

The hole flowrate is proportional to the perforated pipe inlet flowrate (Q0) and the 

number of the holes (n), provided that there is a uniform flow discharge along the 
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perforated pipe. 

∆P୦୭୪ୣ =  
ଵ

େబ
మ  

஡୳మ

ଶ
 → P − Pୡ୦ୟ୫ୠୣ୰ =  

ଵ

େబ
మ  

஡୳మ

ଶ
 → P =   

ଵ

େబ
మ  

஡୳మ

ଶ
+ Pୡ୦ୟ୫ୠୣ୰   (3-11) 

q =  
୕బ

୬
=  

୳஠ୢమ

ସ
→ u =

ସ୕బ

஠୬ୢమ
                  (3-12) 

where 

q: hole flowrate 

Q0: pipe inlet flowrate 

u: hole velocity 

d: hole diameter 

3.2.3.3.2. Generating an equation for the hole diameter (d) as a function of the 

perforated pipe length (x). Substituting the hole velocity (u) from Equation (3-12) into 

Equation (3-11), we can define the perforated pipe pressure (P) as a function of perforated 

pipe inlet flowrate (Q0), the hole diameter (d), and number of the holes (n), as shown in 

Equation (3-13). 

P =  Pୡ୦ୟ୫ୠୣ୰ +
8ρQ଴

ଶ

C଴
ଶπଶnଶ

 dିସ 
 (3-13)  

The axial pressure distribution in the perforated feeder pipes (P) and the outer annulus 

(Pouter annulus), which contains the whole system, can be determined by Equation (3-13). 

However, to find the hole diameter, we still need to estimate Pchamber. One approach is to 

assume Pchamber is the average of Pouter annulus and Pperforated pipe. 

The gas inlet pressure (P0) and the hole diameters (d) are determined by an iterative 

procedure.  Figure 3.4 shows the Reynold’s number in the feeder pipes. For a 3-inch CH4 

pipe, the hole sizes are approximately 1/8 in. For a 3-inch O2 pipe, the hole sizes are 
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approximately 1/4 in.  

 

3.2.4. Case 2: Discharge flowrate (q), hole diameter (d), and their  

spacing (Ln) are known; the diameter of the perforated pipe 

 (A) will be calculated as a function of the distance to 

 the inlet end (x)   

In Case 2, it was assumed that diameter of the holes (d) and the spacing between the 

holes (Ln) were constant. The flowrate in the perforated pipe decreases as the gas escapes 

through the holes to the reaction chamber. Therefore, the cross-sectional area of the 

perforated pipe should decrease so that we have uniform discharge along it. In this section, 

an equation was developed to define the cross-sectional area of the perforated pipe (A) as 

a function of the length (x). It was assumed that the pressure of the chamber (into which 

the gases are discharged) was constant.  

First, the perforated pipe velocity, V, was defined as a function of the perforated pipe 

cross-sectional area, A (cross-sectional area is a function of pipe length (x)).2 

V =
୕బ

୅
ቀ1 −

୶

୐
ቁ →

ୢ୚

ୢ୶
= −

୕బ

୅୐
{1 + ቀ1 −

୶

୐
ቁ

୐

୅

ୢ୅

ୢ୶
}   (3-14) 

where  

V: velocity of the perforated pipe 

Q0: gas inlet flowrate 

A: cross-sectional area of the perforated pipe 

x: distance from the pipe inlet 

Substituting the velocity, V, from Equation (3-14) into the general equation of motion, 
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Equation (3-7), we generated a relation between the pressure drop along the perforated pipe 

(
ୢ୔

ୢ୶
), the pipe cross-sectional area (A), and the pipe length (L).   

dP

dx
−  

ρQ଴
ଶ

LAଶ
 ቀ1 −

x

L
ቁ ൜1 +  

L

A
ቀ1 −

x

L
ቁ

dA

dx
ൠ =  −

0.158 ρ ϑ଴.ଶହQ଴

଻
ସ

A
଻
ସ D

ହ
ସ

 (1 −
x

L
)

଻
ସ 

(3-15)  

We know that  A =  
஠ୈమ

ସ
 →  D

ఱ

ర = 1.16 A
ఱ

ఴ (3-16)  

→
dP

dx
−  

ρQ଴
ଶ

LAଶ
 ቀ1 −

x

L
ቁ ൜1 +  

L

A
ቀ1 −

x

L
ቁ

dA

dx
ൠ

=  −
0.136 ρ ϑ଴.ଶହQ଴

଻
ସ

A
ଵଽ
଼

 (1 −
x

L
)

଻
ସ 

(3-17)  

Because the hole diameters and spacing are constant, uniform discharge is only possible 

if  
ୢ୔

ୢ୶
= 0 3,4. Equation (3.18) shows the pipe cross-sectional area, A, as a function of inlet 

Reynolds number and the pipe length. where A0 and Re0 are the inlet cross-sectional area 

and the inlet Reynolds number, respectively. There is also another approach proposed by 

Dow et al.6 Starting from the general equation of motion, Equation (3-7), and with the 

assumption of 
ୢ୔

ୢ୶
= 0, we can determine the pipe sizes (D) as a function of distance from 

the pipe inlet (x). 

A

A଴
=  [1 + 0.158 Re଴

ି଴.ଶହ ൝1 − ቀ1 −
x

L
ቁ

ଷ
଼

ൡ]
଼
ଷ (1 −

x

L
) 

(3-18) 

  

dD

dy
=

D

2y
−  γ (

D

y
)୬ (3-19) 

where γ =  
ୠ

ቀ
ర్బ
ಘತై

ቁ
౤       , y: distance from the pipe close end (y = L − x), and L: pipe length. 
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The results indicated that the pipes diameter starts with a constant 3 inches and gradually 

decreases to less than 1 inch. Since it is not practically possible to decrease the pipes 

diameters linearly, the whole length of the pipes is divided into three sections in which the 

diameters are assumed to be constant.  The pipes diameter starts with a constant 3 inches 

for the first 300 meters, and then decreases to 2 inches diameter for the next 250 meters. 

Then, for the last 50 meters, the pipe diameter becomes 1 inch. 

 

3.2.5. Summary  

As discussed in Chapter 1 and Chapter 2, the homogeneous heater approach consists of 

two perforated pipes that inject the fuel and oxidizer into the perforated reaction chamber. 

The main objective of this section was to design a system so that a uniform flow distribution 

is maintained along the 2000 ft of the heater. An engineering calculation was performed to 

determine the appropriate size of the feeder pipes and the hole sizes and locations on the 

pipes. Two different cases were considered:  

Case 1: the pipe sizes are constant, and the hole sizes change  

Case 2: the hole sizes are constant, and the pipe sizes change 

In both cases, the gas inlet temperatures and pressure in the feeder pipes were 900 K 

and 10 atm. It was assumed that there was no reaction occurring in the chamber, and that 

the gas properties were constant along the system.  

Three different approaches were evaluated in Case 1. In the first two approaches, it was 

assumed that the gases were injected into a chamber, which had a constant pressure. In the 

third approach, the axial pressure distribution in the chamber was also taken into account.  
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In Case 2, it was assumed the hole diameters and the hole spacing were constant and 

uniform along the length of the pipe. The O2 and the CH4 pipes were divided into three 

sections. The pipes diameter starts with a constant 3 inches for the first 300 meters, and 

then decreases to a 2 inches diameter for next 250 meters. Then, for the last 50 meters, the 

pipe diameter becomes 1 inch. Note that all the results were based on the assumption that 

the fuel was pure methane and the oxidizer was pure oxygen. However, in the downhole 

heater, natural gas probably will be used as the fuel, and there may be some diluents such 

as N2, CO2, or H2O present in the O2 stream in the oxidizer pipe. Thus, the results may 

change based on the gas composition and properties.  

 

3.3. Section II: Heat transfer calculation  

3.3.1. Overview 

Preliminary heat transfer calculations were performed to determine the overall heat 

transfer coefficient in the heater. The results of this section are the input for future 

CHEMKIN calculations in Chapter 5. As discussed in Section I, the gas properties and the 

Re number change along the length of the heater. Thus, the calculation was performed for 

a 1-meter section of the heater, with average gas properties and Re number.   

 

3.3.2. Geometry 

The heater consists of two 3-inch perforated feeder pipes, which are within an 8-inch 

perforated chamber. The whole system is located inside a 10-inch annulus. The length of 

the heater is 2000 ft. The Re number plays a significant role in the heat transfer calculations. 
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Since the Re number changes along the heater length, a 1-meter section of the heater, which 

is positioned 1000 ft from the gas inlet, is considered for the heat transfer calculations. It 

was assumed that the pipes all have Schedule 40 wall thickness. Table 3.1 listed the outer 

diameter, inner diameter, and the nominal sizes of the pipes used in these calculations. 

 

3.3.3. Determining gas and oil properties 

It was necessary to estimate the gas properties inside the system as well as the 

properties of the surrounding oil for the heat transfer calculations. Aspen HYSYS modeling 

was used to determine the properties of boiling oil at 650 K and about 64 bar. More 

information regarding the oil property estimation will be presented later in this chapter. At 

beginning, there were many unknown parameters, such as the gas initial T and P, required 

level of diluent in the system, and average gas temperature in the heater. We fixed some of 

the parameters and performed a preliminary CHEMKIN calculation to determine initial 

guesses for the properties of the flue gas in the reaction chamber and the annulus (the gas 

mixture produced at each reaction zone that escapes to the annulus). As the heat transfer 

calculation was completed and the approximate gas temperature inside the heater was 

determined, all the calculations were repeated considering the updated gas temperature. 

The preliminary CHEMKIN calculation was performed for a methane/oxygen mixture at 

Pinitail= 10 bar and Tinitial= 800K, 𝜑 = 1. 50 mole % CO2 was also added to the mixture as 

a diluent.  Figure 3.5 is a schematic of the system. The hydraulic diameters of the reaction 

chamber for the initial CHEMKIN calculation were based on nominal Schedule 40 pipe 

sizes; however, the heat transfer calculations were based on the actual pipe sizes listed in 
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Table 3.1.  

The details of the CHEMKIN and Aspen HYSYS modeling are available in 

Appendices A, B, C, and D. The thermo-physical properties for the gas mixture, which is 

produced in the reaction chamber and escapes to the annulus, are summarized below. This 

information was used in calculation of the heat transfer coefficients in the chamber and 

outer annulus.  

𝑚௢௨௧ି௖௛௔௠௕௘ = 0.991 ∗ 10ିଷ𝑘𝑔/𝑠 

𝑀௪,௔௩௘ = 34.6 ∗ 10ିଷ
𝑘𝑔

𝑚𝑜𝑙
 

𝜌௔௩௘ = 2.23 
𝑘𝑔

𝑚ଷൗ   

𝐶௣,௔௩௘ = 1.61 ∗ 10 ଷ  
𝐽

𝑘𝑔. 𝐾
 

𝜇௔௩௘ = 71.57 ∗ 10ି଺  
𝑘𝑔

𝑚. 𝑠
 

𝐾௔௩௘ = 62.69 ∗ 10ିଷ
𝑊

𝑚. 𝐾
  

First, the convection heat transfer coefficients inside the annulus and the chamber were 

calculated. Then, the boiling heat transfer coefficient for the surrounding oil was estimated. 

Finally, the overall heat transfer coefficient of the system and the average gas temperature 

inside the heater were determined. Then, all the calculation steps were repeated with the 

updated gas temperature.  
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3.3.4. Determining the convection heat transfer coefficient of the  

outer annulus 

The annulus Reynold’s number is calculated based on the cross-sectional area of the 

annulus (Aannulus), gas average flowrate (mout_chmber), and the average gas properties 

obtained from the initial CHEMKIN calculation,  

𝐷௛ ௔௡௡௨௟௨௦ = ൫𝐼𝐷௢௨௧௘௥ ௣௜௣௘ − 𝑂𝐷௖௛௔௠௕ ൯ =  1.4 𝑖𝑛 = 0.035𝑚 

𝐷௛ ௖௛௔௠௕ =
 𝐼𝐷௖௛௔௠௕௘௥

ଶ − 2 ∗ 𝑂𝐷௣௜௣௘
ଶ

ቀ 𝐼𝐷௖௛௔௠௕ + 2 ∗ 𝑂𝐷௣௜௣௘ ቁ
=  2.6𝑖𝑛 = 0.07𝑚 

𝐴௔௡௡௨௟௨௦ =
𝜋

4
൫𝐼𝐷௢௨௧௘௥ ௣௜௣௘

ଶ − 𝑂𝐷௖௛௔௠௕
ଶ൯ = 0.0132 𝑚ଶ 

𝑈௔௡௡௨௟௨௦
∗ =

𝑚௢௨௧ି௖௛௔௠௕௘௥

𝜌௔௩௘ . 𝐴௔௡௡௨௟௨௦
=  

0.991 ∗ 10ିଷ 

2.23 ∗   0.0132
= 0.034 𝑚/𝑠 

(𝑅𝑒௔௡௡௨௟௨௦)௟௔௠௜௡௔௥ =
𝜌௔௩௘  . 𝑈௔௡௡௨௟௨௦

∗ .  𝐷௛ି௔௡௡௨௟௨௦

𝜇௔௩௘
=  

2.23 ∗ 0.034 ∗ 0.035

71.57 ∗ 10ି଺

= 37.2 

 

The Re number calculated is based on the estimated gas flowrates injected from a 1-

meter section of the reaction chamber into the annulus. In reality, unlike the reaction 

chamber, the sections in the annulus are not isolated from each other; a 1-meter section in 

the annulus receives gases from upstream of that section, as shown in Figure 3.5. For 

simplicity, a 1-meter length section in the middle of the system was considered for further 

calculation. The total flowrate of gases passing through the outer annulus of that section is 

the summation of the upstream flowrates and the outlet of the chamber in that region. Since 

the section is in the middle of the system, there would be 300 meters (about 1000 ft.) 

upstream of that particular section. Thus, the average gas flowrate is multiplied by 300 to 
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give us an estimation of the total gas flowrate in a 1-meter section of the annulus, which is 

located in the middle of the system.  

𝑚௔௡௡௨௟௨௦ = 300 ∗ 𝑚௢௨௧ି௖௛௔௠௕௘ = 300 ∗ 0.991 ∗ 10ିଷ = 0.297
𝑘𝑔

𝑠
 

𝑈௔௡௡௨௟௨௦ =
𝑚௔௡௡௨௟௨௦

𝜌௔௩௘ . 𝐴௔௡௡௨௟௨௦
=  

0.297

2.23 ∗   0.0132
= 10.1 𝑚/𝑠 

𝑅𝑒௔௡௡௨௟௨௦ =
𝜌௔௩௘ . 𝑈௔௡௡௨௟௨௦ .  𝐷௛ି௔௡௡௨௟௨௦

𝜇௔௩௘
=  

2.23 ∗ 10.1 ∗ 0.035 

71.57𝑒 − 6
= 1.11 ∗ 10ସ  

𝑃𝑟 =
𝜇௔௩௘𝐶௣,௔௩௘

𝐾௔௩௘
=  

71.57 ∗ 10ି଺ ∗  1.61 ∗ 10ଷ  

62.69 ∗ 10ିଷ
= 1.84 

The flow regime is different at different positions of the system. However, in the middle 

section of the annulus, the flow regime is turbulent (Re=1.11 ∗ 10ସ). Therefore, the heat 

transfer correlation for turbulent flow was used to calculate the heat transfer coefficient in 

the annulus. 

The convection heat transfer coefficient of the outer annulus was determined based on 

the Dittus and Boelter correlation:7 

𝑁𝑢ௗ = 0.023 𝑅𝑒ௗ
଴.଼𝑃𝑟௡    (3-20) 

൜
𝑛 = 0.4 𝑓𝑜𝑟 ℎ𝑒𝑎𝑡𝑖𝑛𝑔
𝑛 = 0.3 𝑓𝑜𝑟 𝑐𝑜𝑜𝑙𝑖𝑛𝑔

ൠ 

This equation is good for a fully developed and turbulent flow (𝑅𝑒஽ >  10ସ), where 

there is a moderate temperature difference between wall and fluid, and 0.6< Pr <100,  
௅

஽
≥

10. The Nu number and the average convection heat transfer coefficient of a 1-meter 

section of the annulus, which is located in the middle of the system, was determined as 

follows:  

(𝑁𝑢௔௡௡௨௟௨௦)௧௨௥௕௨௟௘௡௧ = 0.023 (1.11 ∗  10ସ)଴.଼(1.84)଴.ଷ = 47.8 
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(ℎ௔௡௡௨௟௨௦)்௨௥௕௨௟௘௡௧ =
𝐾௔௩௘

𝐷௛ି௔௡௡௨௟௨௦
 (𝑁𝑢௔௡௡௨௟௨௦)௧௨௥௕௨௟௘௡௧ =  

62.69 ∗  10ିଷ

0.035
 47.8

=   84.56
𝑊

𝑚ଶ. 𝐾
 

 

3.3.5. Calculating the convection heat transfer coefficient for the  

reaction chamber 

In the proposed heater configuration, it is assumed that a reaction zone at each section, 

unlike the annulus, is isolated from the other sections.  This assumption eliminates adding 

the flue gas from one reaction zone to other reaction zones; otherwise, combustion flue 

gases from an upstream reaction zone may prevent oxidation in that zone due to excessive 

dilution.   

The average gas velocity and the Re number are calculated based on the cross-sectional 

area of the chamber (A chamber), the estimated gas flowrate (m out-chamber), and the average 

gas properties obtained from the initial CHEMKIN and HYSYS calculations. 

The cross-sectional area of the chamber is 

𝐴௖௛௔௠௕௘௥ =
𝜋

4
൫𝐼𝐷௖௛௔௠௕

ଶ − 2 ∗ 𝑂𝐷௣௜௣௘
ଶ൯ = 0.02 𝑚ଶ 

The gas velocity is 

 𝑈௖௛௔௠௕௘௥ =
௠೚ೠ೟ష೎೓ೌ೘್೐

ఘೌೡ೐ .  ஺೎೓ೌ೘್೐ೝ
=  

଴.ଽଽଵ∗ଵ଴షయ

ଶ.ଶଷ∗  ଴.଴ଶ
= 0.022 𝑚/𝑠 

The Reynolds number is 

𝑅𝑒௖௛௔௠௕ =
𝜌௔௩௘ . 𝑈௖௛௔௠௕  .  𝐷௛ି௖௛௔௠௕௘௥

𝜇௔௩௘
=  

2.23 ∗ 0.022 ∗ 0.07 

71.57𝑒 − 6
= 46.4 

The flow regime in the reaction chamber is laminar. The Nu number is calculated by 
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Equation (3-22);7 

(𝑁𝑢ௗ)௖௛௔ = 3.66 +  
0.0668 ቀ

𝐷௛ି௖௛௔௠௕௘௥

𝐿௖௛௔௠௕௘௥
ቁ 𝑅𝑒௖௛௔௠௕௘௥ 𝑃𝑟

1 + 0.04 [ቀ
𝐷௛ି௖௛௔௠௕௘௥

𝐿௖௛௔௠௕
ቁ 𝑅𝑒௖௛௔௠௕௘௥ 𝑃𝑟]

ଶ
ଷ

 

(𝑁𝑢ௗ)௖௛௔௠௕ = 3.66 +
0.0668 ∗ ቀ

0.07
1

ቁ ∗ 46.4 ∗ 1.84

1 + 0.04[ቀ
0.07

1
ቁ ∗ 46.4 ∗ 1.84]ଶ/ଷ

= 4.0 

(3-21) 

 

Determining the Nu number in a 1-meter section of the reaction chamber, we calculated 

the convection heat transfer coefficient in a 1-meter zone of the reaction chamber; 

ℎ௖௛௔௠௕ =
௄ೌೡ೐

஽೓ష೎೓ೌ೘್೐ೝ
 (𝑁𝑢ௗ)௖௛௔௠௕௘௥ =  

଺ଶ.଺ଽ ∗ଵ଴షయ

଴.଴଻
 4.0 =   3.8 

ௐ

௠మ.௄
 

 

3.3.6. Calculating the boiling heat transfer coefficient 7  

It is assumed that the heater is surrounded by a pool of boiling oil. Thus, the boiling 

heat transfer of the surrounding oil plays a significant role in determining the overall heat 

transfer coefficient. Figure 3.6 shows the regimes of boiling water where the heat flux data 

are plotted against temperature excess, 𝑇௪ − 𝑇௦௔௧. It starts from natural convection (Region 

I) and then bubbles begin to form on the surface of the heater, break away, and dissipate in 

the liquid (Region II). As the temperature further increases, bubbles form more rapidly 

(Region III) and eventually form a vapor film, which blankets the heater surface. The 

thermal resistance of the film reduces the heat flux (Region IV). Information on the oil 

boiling regime was not available, so it was assumed that the oil shows the same boiling 

behavior as water. To obtain maximum heat transfer and to prevent the heater surface from 

being overheated, the boiling should remain in the nucleation boiling regime (III). 
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Rohsenow 9 proposed an experimental correlation for nucleate pool boiling: 

஼೗∆்ೣ

௛೑೒௉௥೗
ೞ =  𝐶௦௙ [ 

௤
஺ൗ

ఓ೗௛೑೒
 ට

௚೎ఋ

௚(ఘ೗ିఘೡ)
 ]଴.ଷଷ                                                                        

(3-22) 

where 

𝐶௟: Specific heat of saturated liquid, 
஻்௎

௟௕೘.℉
 𝑜𝑟 

௃

௞௚.℃
 

∆𝑇௫ : Temperature excess = 𝑇௪ −  𝑇௦, ℉ 𝑜𝑟 ℃ 

ℎ௙௚: Enthalpy of vaporization, 
஻்௎

௟௕೘
 𝑜𝑟 

௃

௞௚
 

𝑃𝑟௟ : Prandtl number of saturated liquid 

𝑞
𝐴ൗ : Heat flux per unit area, 

஻்௎

௙௧మ.௛
 𝑜𝑟 

ௐ

௠మ.℃
 

𝜇௟ : Liquid viscosity, 
௟௕೘

௙௧ .௛
 𝑜𝑟 

௄௚

௠ .  ௦
 

𝜎 : Surface tension of liquid-vapor interface,  
௟௕೑

௙௧
 𝑜𝑟 

ே

௠
 

g: Gravitational acceleration, 
௙௧

௦మ
 𝑜𝑟 

௠

௦మ
 

𝜌௟: Density of saturated liquid, 
௟௕೘

௙௧య
 𝑜𝑟 

௄௚

௠య
 

𝜌௩:  Density of saturated vapor, 
௟௕೘

௙௧య
 𝑜𝑟 

௄௚

௠య
 

𝐶௦௙: Constant, determined from experimental data (equal to 0.0154 for n-pentane in contact 

with emery- polished copper 7) 

s: 1.0 for water and 1.7 for other liquids 

Using the Rohsenow correlation, we determined the temperature excess, the 

temperature difference between the heater surface and the boiling oil. The physical 

properties of boiling oil were calculated using Aspen HYSYS software at 64 bar and 650 
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K. The boiling oil composition was assumed similar to heavy crude oil. Physical properties 

of the oil were calculated with Aspen HYSYS V8.8.  The VLE calculation was performed 

with PVTsim software on the heavy crude oil composition. The detailed calculations are 

presented in Appendix D. The results of the Aspen HYSYS calculation are given below. 

Note that the estimated physical properties of oil were used in the calculation even though 

the correlations used were initially developed for boiling water, not oil.  

𝐶௟: 3.594 ∗ 10ଷ  
௃

௞௚.℃
 

ℎ௙௚: 1326 ∗ 10ଷ  
௃

௞௚
 

𝜇௟ : 6.783 ∗ 10ିହ  
௄௚

௠ .  ௦
 

𝜎 : 1.766 ∗ 10ିଷ ே

௠
 

g: 10 
௠

௦మ
 

𝑔௖ = 1.0 
𝑘𝑔 . 𝑚

𝑁 . 𝑠ଶ
 

𝜌௟: 304. 5
௄௚

௠య
 

𝜌௩:  85.06 
௄௚

௠య
 

𝐾௟ = 4.628 ∗ 10ିଶ  
𝑊

𝑚. 𝐾
 

𝑃𝑟 =
𝜇௟ 𝐶௟ 

𝐾௟
=  

(6.783 ∗  10ିହ) ∗ (3.594 ∗  10ଷ)

4.628 ∗ 10ିଶ
= 5.27 

It is also assumed that there is 1 
௞ௐ

௙௧
 heat transfer from the surface of the heater to the 

pool of oil. This number was defined by AMSO based on their desired heating rates. This 

is the minimum desired amount of heat that should be transferred from the downhole heater 
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to the boiling pool of oil.  

𝑞

𝐴
=   

𝑞
𝐿

𝜋(𝑂𝐷௔௡௡௨௟௨௦)
=  

1 
𝐾𝑤
𝑓𝑡

∗  
1 𝑓𝑡

0.3048 𝑚

𝜋 ∗ 10.75 𝑖𝑛 ∗  
0.0254 𝑚

1 𝑖𝑛

= 3.83 ∗ 10ଷ  
𝑤

𝑚ଶ
 

Substituting all the calculated data in Equation (3-23), we determined ∆𝑇௫, which is the 

temperature difference between the surface of the heater and the boiling pool.  

ଷ.ହଽସ ∗ଵ଴య ∆்ೣ

ଵଷଶ଺ ∗ଵ଴య∗ ହ.ଶ଻భ.ళ
=  0.0154 [ 

ଷ.଼ଷ∗ଵ଴య

଺.଻଼ଷ ∗ଵ଴షఱ∗ ଵଷଶ଺ ∗ଵ଴య
 ට

ଵ.଻଺଺ ∗ଵ଴షయ

ଵ଴∗(ଷ଴ସ.ହ ି଼ .଴଺)
 ]଴.ଷଷ     

→     ∆𝑇௫ =  32.6 ℃       

Thus, the temperature difference between the surface of the heater and the boiling pool 

is about 32.6 ºC. Having obtained the excess temperature, the heat transfer coefficient is 

given by 

(𝒉)𝒃𝒐𝒊𝒍𝒊𝒏𝒈 =

𝒒
𝑨

∆𝑻𝒙
= 𝟏𝟏𝟕. 𝟐𝟓 𝑾

𝒎𝟐. ℃ൗ  

 

3.3.7. Calculation of metals thermal conductivities 

We also need to estimate the thermal conductivities of the walls of the chamber and 

annulus to determine the overall heat transfer coefficient. For temperature ranges from 200 

to 2000 K, the thermal conductivity of stainless steel can be calculated with Equation (3-

25).10 We use this equation to estimate the conduction heat transfer coefficient; however, 

it is possible that stainless steel may not be used to construct the downhole heater.  

𝐾௦௦(
௪

௠.௄
) = 9.0109 + 1.5298 ∗ 10ିଶ𝑇௦௦(𝐾)   (3-23) 

where Tss is the temperature of the surface of the pipe. As calculated before, the temperature 
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of the heater surface, which is in contact with the boiling oil pool, has to be approximately 

32.6 degrees hotter than the temperature of the boiling pool (650K). Thus, the temperature 

of the surface of the heater, Tw, would be equal to 

𝑇௪ =  𝑇௢௜௟ + ∆𝑇௫ = 650 + 32.6 = 683 𝐾 

Therefore, the thermal conductivity of the outer shell of the annulus is approximately 

equal to 

𝐾௔௡௡௨௟௨௦ = 9.0109 + 1.5298 ∗ 10ିଶ ∗ 683 = 19.45 (
𝑤

𝑚. 𝐾
) 

 

3.3.8. Calculating the overall heat transfer coefficient of the heater 

Now that the convection, conduction, and boiling heat transfer coefficients are 

estimated, it is possible to determine the overall heat transfer coefficients and the required 

operating temperature at each zone inside the heater. The pipe dimensions and heat transfer 

areas follow. 

𝐼𝐷௖௛௔௠௕  = 7.981 𝑖𝑛 →  𝑟௜௡ି௖௛௔௠௕௘௥ = 3.99 𝑖𝑛 

𝑂𝐷௖௛௔௠௕௘  = 8.625 𝑖𝑛 →  𝑟௢௨௧ି௖௛௔௠௕௘௥ = 4.31 𝑖𝑛 

𝐼𝐷௢௨௧௘௥ ௣௜௣௘ = 10.02 𝑖𝑛 →  𝑟௜௡ି௔௡௡௨௟௨௦ = 5.01 𝑖𝑛 

𝑂𝐷௢௨௧௘௥ ௣௜௣௘ = 10.75 𝑖𝑛 →  𝑟௢௨௧ି௔௡௡௨௟௨௦ = 5.38 𝑖𝑛  

𝐴௜௡ି௔௢௨௧௘௥ ௣௜௣௘ = 0.79 𝑚ଶ 

𝐴௢௨௧ି௢௨௧௘௥ ௣௜௣௘ = 0.86 𝑚ଶ 

𝐴௜௡ି௖௜௡௡௘  ௣௜௣௘ = 0.637 𝑚ଶ 

𝐴௢௨௧ି௖௜௡௡௘  ௣௜௣௘ = 0.688 𝑚ଶ 
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Note that since the reaction chamber is perforated, the hot flue gas in the reaction 

chamber will totally escape into the outer annulus. And, we can assume that the average 

gas temperature in the outer annulus is equal to the average gas temperature inside the 

reaction chamber. However, we need to calculate the overall heat transfer coefficient of the 

reaction chamber to determine the operating conditions (initial T, P, and level of diluent) 

of the heater. The latest will be discussed in more detailed in Chapter 5.  

 

3.3.9. Determining the overall heat transfer coefficient of the annulus 

First, the overall heat transfer coefficient for the outer wall of the annulus is calculated. 

Then, the temperature of the flue gas is estimated based on the overall heat transfer 

coefficient and the required amount of the heat, 1 kW/ft.  

𝑈௔௡௡௨௟௨௦ =  
ଵ

భ

೓ೌ೙೙ೠ೗ೠೞ
 ା  

ಲ೔೙షೌ೙೙ೠ೗ೠ   ೗೙ ( 
ೝ೚ೠ೟షೌ೙೙ೠ೗ೠೞ
ೝ೔೙షೌ೙೙ೠ೗ೠೞ

 )

మ ഏ ಽ ಼ೌ೙೙ೠ೗ೠೞ
 ା 

భ

೓್೚೔೗೔೙೒

        (3-24) 
  

→ ( 𝑈௔௡௡௨௟௨௦)்௨௥௕௨௟௘௡௧ =  
1

1
84.6

+  
0.79𝑙𝑛 (

5.38
5.01

)

2𝜋 ∗ 19.45 ∗ 1
+

1
117.25

= 48 (
𝑤

𝑚ଶ. 𝐾
) 

𝑞

𝐴
= ( 𝑈௔௡௡௨௟௨௦)்௨௥௕௨௟௘௡௧ ൫(𝑇௚௔௦)்௨௥௕௨௟௘௡௧ − 𝑇௪൯ 

→  3.83 ∗ 10ଷ = 48 ൫ (𝑇௚௔௦)்௨௥௕௨௟௘௡௧ − 683൯ 

→  (𝑇௚௔௦)்௨௥௕௨௟௘௡௧ = 763 𝐾 

The calculations were conducted for a 1-meter section in the middle of the heater where 

the flow regime in the annulus is turbulent, and the heat transfer coefficient is relatively 

high. The minimum heat transfer coefficient would be at the end section of the heater where 

the flow regime is laminar,  (𝑅𝑒௔௡௡௨௟௨௦)௟௔௠௜௡௔௥ = 37.2. The convective heat transfer 
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coefficient in the laminar region of the annulus is:  

(𝑁𝑢௔௡௡௨௟௨௦)௟௔௠௜௡௔௥ = 3.66 +  
0.0668 ቀ

𝐷௛ି௔௡௡௨௟௨௦

𝐿௔௡௡௨௟௨௦
ቁ  (𝑅𝑒௔௡௡௨௟௨௦)௟௔௠௜௡௔௥  𝑃𝑟

1 + 0.04 [ቀ
𝐷௛ି௔௡௡௨௟௨௦

𝐿௔௡௡௨௟௨௦
ቁ  (𝑅𝑒௔௡௡௨௟௨௦)௟௔௠௜௡௔௥  𝑃𝑟]

ଶ
ଷ

 

(𝑁𝑢௔௡௡௨௟௨௦)௟௔௠௜௡௔௥ = 3.66 +  
0.0668 ቀ

0.035
1

ቁ 37.2 ∗ 1.84

1 + 0.04 [ቀ
0.035

1
ቁ  37.2 ∗ 1.84]

ଶ
ଷ

= 3.8   

(ℎ௔௡௡௨௟௨௦)௟௔௠௜௡௔௥ =
𝐾௔௩௘

𝐷௛ି௔௡௡௨௟௨௦
 (𝑁𝑢௔௡௡௨௟௨௦)௟௔௠௜௡௔௥ =  

62.69 ∗  10ିଷ

0.035
∗  3.8

=   6.7 
𝑊

𝑚ଶ. 𝐾
 

The overall heat transfer coefficient in the laminar section of the annulus is: 

→ ( 𝑈௔௡௡௨௟௨௦)௅௔௠௜௡௔௥ =  
1

1
6.7

+  
0.79𝑙𝑛 (

5.38
5.01

)

2𝜋 ∗ 19.45 ∗ 1
+

1
117.3

= 6.4 (
𝑤

𝑚ଶ. 𝐾
) 

𝑞

𝐴
= (𝑈௔௡௡௨௟௨௦)௟௔௠௜௡௔௥ ∗ ൫(𝑇௚௔௦)௟௔௠௜௡௔௥ − 𝑇௪൯ 

→  3.83 ∗ 10ଷ = 6.4 ൫ (𝑇௚௔௦)௟௔௠௜௡௔௥ − 683൯  →  (𝑇௚௔௦)௟௔௠௜௡௔௥ = 1285𝐾 

→  (𝑇௚௔௦)௟௔௠௜௡௔௥ = 1285𝐾For 

 𝑇௚௔௦ =  
( ೒்ೌೞ)೅ೠೝ್ೠ೗೐೙೟ା ( ೒்ೌೞ)೗ೌ೘೔೙ೌೝ 

ଶ
=  

଻଺ଷାଵଶ଼ହ 

ଶ
= 1023.6𝐾 

This temperature is the required average flue gas temperature so that the oil pool 

temperature is maintained at 650 K. Finally, the average overall heat transfer coefficient of 

the annulus is calculated as: 

𝑞

𝐴
= 𝑈൫𝑇௚௔௦ − 𝑇௪൯  →  3.83 ∗ 10ଷ = 𝑈 ( 1023.6 − 683)  → 𝑈 = 11.2 

𝑤

𝑚ଶ. 𝐾
  

Since each section of the reaction chamber is perforated and the flue gas is assumed to 
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entirely escape into the annulus, the calculated gas temperature, Tgas, is the temperature of 

the gas produced in the reaction chamber that escape into the annulus. Note that radiation 

was not taken into account in these calculations.  

 

3.3.10. Determining the overall heat transfer coefficient in the 

 reaction chamber 

In Chapter 5, a 1-meter section of the reaction chamber is modeled with CHEMKIN 

software. That calculation requires an overall heat transfer coefficient from the chamber to 

the surroundings as boundary conditions for further CHEMKIN calculation. The overall 

heat transfer coefficient in the reaction chamber is calculated here. 

First, the thermal conductivity of the chamber walls was calculated with Equation (3-

25), while  𝑇௚௔௦ = 1023.6 𝐾, which is the calculated gas temperature in the previous 

section.   

(𝐾௪)௖௛௔௠௕௘௥ = 9.0109 + 1.5298 ∗ 10ିଶ ∗ 1023.6 = 24.7 ቀ
௪

௠.௄
ቁ   

As explained before, the zones in the reaction chamber are assumed isolated from each 

other, and the flow regime is laminar in each section. However, the flow regimes and the 

heat transfer coefficient in the outer annulus change along the length of the reactor. The 

overall heat transfer of the chamber was calculated for two cases: first, when the flow in 

the annulus is turbulent, and second, when the flow in the annulus is laminar.  Then, the 

average number was reported as the overall heat transfer coefficient in the chamber. 

 (𝑈௖௛௔௠௕௘௥)௧௨௥௕௨௟௘௡௧ =  
ଵ

భ

೓೎೓ೌ೘್
ା 

ಲ೔೙ష೎೓ೌ೘್೐ೝ೗೙ (
ೝ೚ೠ೟ష೎೓ೌ೘್೐ೝ
ೝ೔೙ష೎೓ೌ೘್೐

)

మഏಽ(಼ೢ)೎೓ೌ೘್೐ೝ
ା

భ

(೓ೌ೙೙ೠ೗ೠೞ)೅ೠೝ್ೠ೗೐೙೟

=
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ଵ

భ

య.ఴ
ା 

బ.లయళ∗೗೙ (
ర.యభ
య.వవ

)

మഏ∗భ∗మర.ర
ା

భ

ఴర.ల

= 3.6 (
௪

௠మ.௄
)     

(𝑈௖௛௔௠௕ )௟௔௠௜௡௔௥ =  
1

1
ℎ௖௛௔௠௕௘௥

+  
𝐴௜௡ି௖௛௔௠௕௘ 𝑙𝑛 (

𝑟௢௨௧ି௖௛௔௠௕௘௥

𝑟௜௡ି௖௛௔௠௕௘௥
)

2𝜋𝐿(𝐾௪)௖௛௔௠௕௘௥
+

1
(ℎ௔௡௡௨௟௨௦)௟௔௠௜௡௔௥

=
1

1
3.8

+  
0.637 ∗ 𝑙𝑛 (

4.31
3.99

)

2𝜋 ∗ 1 ∗ 24.4
+

1
6.7

= 2.4 (
𝑤

𝑚ଶ. 𝐾
)    

The average of the above is  

  

→ (𝑈௖௛௔௠௕ )௔௩௘௥௔௚௘ =  
3.6 + 2.4

2
= 3.01 (

𝑤

𝑚ଶ. 𝐾
)  

Now that we determined the average gas temperature inside the heater is about 1024 

K, we repeated the heat transfer calculation with the gas properties at T=1024 K. Appendix 

C shows the detailed gas property estimations. The average overall heat transfer 

coefficients of the outer annulus and the reaction chamber are estimated as 15 W/(m2.K) 

and 3.5 W/(m2.K). With this information, the average flue gas temperature was determined 

to be equal to 939 K.  

 

3.3.11. Summary  

The primary objective of Section II was to determine the overall heat transfer 

coefficient in the heater. First, the convection heat transfer coefficients of the annulus and 

the reaction chamber were calculated. Second, the conductive resistances of the walls were 

determined, and third, the boiling heat transfer coefficient of the surrounding boiling oil 

was estimated. Finally, the overall heat transfer coefficient of the system and the required 
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flue gas temperature were calculated. It was assumed that 1 kW/ft heat is transferring from 

the heater to the surrounding oil, based on the design specification provided by AMSO.  

The average overall heat transfer coefficients of the outer annulus and the reaction 

chamber were estimated as 15 W/(m2.K) and 3.5 W/(m2.K). Then, the average flue gas 

temperature was determined to be equal to 939 K. This temperature is the average gas 

temperature that has to be reached inside the heater so that the temperature of the 

surrounding oil is maintained at 650 K. 
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Figure 3.1: Heater configuration based on the homogenous reaction concept 
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Figure 3.2: Two different views of a perforated pipe within a perforated chamber 

 

 

𝑃௣௜௣௘ 

𝑃௖௛௔௠௕௘௥

𝑃௢௨௧௘௥ ௔௡௡௨௟௨௦ 



91 

 

 

 

 

Figure 3.3: Schematic a section of a perforated pipe with one hole on it 

 

Figure 3.4: Reynold’s number in each feeder pipe as a function of length 
 

 

Figure 3.5: Schematic of the system considered for the heat transfer calculation 
 

𝑃௖௛௔௠௕௘௥ 

P 
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Figure 3.6: Different regimes of boiling water8 
 

 

 

Figure 3.7: A 1-meter section of the system surrounded by the boiling oil 
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Table 3.1: Outer diameter, inner diameter, and the nominal sizes of the pipes based on 
Schedule 40 wall thickness 

 
Nominal 

sizes 
OD (in) ID (in) 

Feeder pipes 3 3.5 3.068 

Reaction chamber 8 8.625 7.98 

Outer pipe 10 10.75 10.02 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



CHAPTER 4 

 

EXPERIMENTAL WORK 

 

4.1. Overview 

Chapter 4 is a summary of experimental work performed during this project. It consists 

of two sections: (I) tests to explore the catalytic activity of metals used in heater 

construction, and (II) cold-flow studies to determine the effect of the nozzle orientation 

and spacing on the mixing of gases.  

Section I describes experiments using stainless steels, Hastelloy-X, and a Pd-Alumina 

catalyst, and associated CHEMKIN modeling of methane oxidation under homogeneous 

flameless combustion conditions. The results show that the metals, as compared to the 

conventional Pd-Alumina catalyst, do not significantly catalyze methane oxidation.  

Section II summarizes a cold-flow experimental study of the new heater configuration 

shown in Figure 1.5. A cold-flow study was performed to investigate the effect of nozzle 

spacing and orientation on the mixing behavior inside the heater. The experiments showed 

that the circumferential orientation has a significant impact on mixing of gases, whereas 

the axial location does not. Finally, uncertainty analysis is performed on the data from the 

cold-flow experiment. Some actions taken to reduce the uncertainty are also discussed.  
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4.2. Section I - Experimental and modeling study of catalytic  

oxidation of methane on several materials 

This section discusses the results of testing performed to determine the catalytic activity 

of different metals for methane oxidation. It has both experimental and modeling 

components. In the experimental part, methane oxidation under flameless combustion 

conditions is evaluated on different stainless steels and Hastelloy-X. The results are 

compared with homogenous methane oxidation, as well as a conventional oxidation 

catalyst. In the modeling part, CHEMKIN chemical kinetics software is used to model 

homogenous methane oxidation under different conditions representative of our 

experimental work. Comparison between experimental and modeling results illustrates that 

the extent of methane oxidation over stainless steels and Hastelloy-X for the conditions 

studied can be explained by homogenous gas phase oxidation rather than a catalytic effect 

of these materials.  

In addition, CHEMKIN1 is used to model the methane oxidation experiments 

performed by Western Research Institute (WRI)2 in previous research performed for 

AMSO. These results demonstrate that the WRI experimental data can also be explained 

by homogenous methane oxidation. Thus, our conclusion is that metal used in heater 

construction does not provide any appreciable catalytic benefit relative to homogeneous 

(noncatalytic) methane oxidation for the conditions studied (500-750 ºC). Preliminary trials 

with a conventional (Pd-based) oxidation catalyst exhibited substantial catalytic effects and 

facilitated complete methane oxidation at temperatures as low as 300 ºC, which would be 

too low for use in the downhole heater. 
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4.2.1. Introduction 

Different stainless steel alloys and Hastelloy-X were considered as potential catalysts 

for use in a gas-fired burner concept developed by AMSO that would serve as an 

underground heater for in-situ oil shale production. The materials were evaluated for their 

catalytic effect on methane oxidation under flameless combustion conditions in a 

laboratory-scale fixed-bed reactor built specifically for this purpose. Methane oxidation 

results for these materials were compared with homogenous methane oxidation, as well as 

methane oxidation by a conventional oxidation catalyst, using the same experimental setup. 

Commercial CHEMKIN chemical kinetics software was used to model homogenous 

methane oxidation under a range of conditions to compare with the experimental results 

obtained at the University of Utah (UofU), as well as to compare with experimental results 

obtained at Western Research Institute (WRI).  

The following sections provide details on the experimental setup, test procedures, as 

well as results and discussion. 

  

4.2.2. Experimental setup 

4.2.2.1. Bench-scale apparatus  

A schematic and photos of the experimental setup are shown in Figure 4.1 to Figure 

4.5. The quartz tube that serves as the reaction chamber is placed vertically in an 

electrically-heated tube furnace (Lindberg Blue M, by Thermo Scientific), and is heated by 

radiation from the surrounding furnace walls. A ceramic honeycomb material is used as a 

support for the different catalyst beds tested in the reactor, and this ceramic support rests 

on dimples in the wall of the quartz tube. The furnace has its own temperature controller 
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and its maximum operating temperature is 1100º C. Two type-K Omega thermocouples (
ଵ

ଵ଺
 

inch diameter) are placed inside the quartz reactor; one of them is placed into the bed of 

catalyst material and monitors the bed temperature, and the other is inserted from the 

bottom of the reactor and passes through one of the holes of the ceramic honeycomb to 

measure the gas temperature immediately after the bed. A data acquisition system is used 

to record the temperature readings every second. 

A differential pressure gauge is used to measure the pressure drop across the reactor. 

Mass flow controllers are used to feed air and methane (Brooks 5850E for air and Cole 

Parmer for methane). The gases are premixed before entering the reactor at a total flowrate 

of 500 mL/min (methane concentration 1.5% by volume). The air-methane mixture can 

either bypass the reactor (for measurement of initial concentrations) or be fed into the top 

of the reactor.  

The gas leaving the reactor is passed through a Mak 10-1 chiller (by Air Gas 

Thermotechnik) in order to condense any water vapor present in the stream, and through a 

Teflon filter (0.2 micron pore size) to remove particles before being sent to the gas analyzer 

(Varian CP4900 micro GC). The micro GC is used to detect species such as CH4, H2, CO, 

CO2, O2, N2, and C2 hydrocarbons; the detection limit of the instrument is around 10 ppm. 

The micro GC has its own pump and takes a small sample (few µL) every 3 minutes. Figure 

4.1 to Figure 4.5 provide more detailed information about the bed and the quartz reactor. 

The reactor consists of a quartz tube, 2 ft in length, 2.5 cm OD, and 2.2 cm ID, and has 

dimples in the center of the tube to support the fixed bed. Quartz is used. Due to the high 

temperatures of these tests, as well as to provide an inert surface for the reactor walls. 

Additional support for the catalyst beds is provided by a ceramic honeycomb (2.5 cm thick) 
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and a piece of quartz wool that is compressed to a height of 0.5 cm, both of which are 

placed directly on top of the dimples. The bed consisted of short pieces of wire (length of 

each piece is roughly 1 cm), and different bed depths are tested.  

 

4.2.3. Experimental parameters and operating conditions  

4.2.3.1. Fixed parameters 

The experiments evaluated methane oxidation under flameless combustion conditions. 

The gas flowrate through the reactor was constant at 500 ± 5 mL/min and the methane 

concentration was constant at 1.4 ± 0.1% (volume) for all tests.  

 

 4.2.3.2. Materials tested 

Different metals were chosen to evaluate their catalytic effect on methane oxidation. 

The metals evaluated include 316 SS, 304 SS, 410 SS, 420 SS, and Hastelloy-X. Chemical 

composition of each of these materials is reported in Appendix F. All were in the form of 

wire (1 mm diameter). A long roll of each metal was purchased and cut in short pieces of 

length 1 cm (approx.). Short lengths of wire were used as the primary bed material due to 

difficulty in procuring small balls of all of the different materials of interest. Balls of 316 

SS were also tested to compare the effect of surface area.  

Several blank tests were run for the quartz reactor itself and for the quartz reactor + 

ceramic honeycomb + quartz wool, in order to make sure that the results of methane 

oxidation were only due to the metal activity.  

Ceramic balls of 3 mm diameter and a conventional oxidation catalyst (BASF PuriStar 

R0-20/47, Pd 0.5% in weight, supported on gamma-alumina beads) were evaluated as well. 
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The gamma alumina-catalyst beads have a diameter between 2 - 4 mm. Properties of the 

alumina - Pd catalyst beads are provided in Appendix F.  

 

 4.2.3.3. Bed depth and residence time 

The bed depth of the wire metals varied between 1 and 9.5 cm and the residence times 

varied from 0.05 s to 2.55 s. In experiments with the Pd catalyst, the bed depth varied 

between 0.3 and 9.5 cm and the residence times varied from 0.09 s to 2.8 s. 

 

 4.2.3.4. Pressure  

The pressure drop through the bed reactor was negligible; all the tests were conducted 

at atmospheric pressure of about 0.85 atm. 

 

 4.2.3.5. Furnace temperatures 

The experiments were conducted at different furnace set point temperatures, ranging 

from 100 ºC to 775 ºC, and reactor temperature profiles were measured for these different 

furnace set point temperatures.  Figure 4.6 shows the reactor temperature profiles measured 

at different furnace set points and Table 4.1 shows the detailed information about 

experimental parameters for each material. 
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4.2.4. Experimental procedure 

 4.2.4.1. Micro GC calibration 

A calibration gas (cal-gas) containing 4.5% CO, 6.0% CO2, 7.5% H2, 15% CH4, 1.5% 

C2H4, 6.0% C2H6, balance N2, was used periodically to calibrate the micro GC. The cal-gas 

was passed through the by-pass line of the system to verify that all the species at their 

corresponding concentrations were detected by the micro GC. Then, the by-pass line was 

closed and the cal-gas was passed through the empty reactor (only the quartz tube) to also 

verify that the same concentrations were detected. The calibration was done at room 

temperature. 

Prior to each test, the quartz tube was cleaned with ethanol and dried with air. The short 

pieces of wire were cleaned with acetone and dried with air before putting them in the 

reactor. Gloves were worn all the time for glassware and wire manipulation to avoid 

introducing any oil and/or other impurities.  

Once all the parts of the system (quartz reactor, ceramic honeycomb, quartz wool, 

wires, thermocouples, fittings, tubing) were put together, a leak test was conducted. A 

digital flow meter was used to measure the gas flowrate. A certain flowrate of air was sent 

through the by-pass line and checked with a digital flow meter, then the gas was switched 

from the by-pass to the reactor and the flowrate was checked again to make sure the reactor 

had no leaks. With no leaks in the system, the gas-methane mixture was passed through 

the by-pass until the micro GC read the methane concentration that was fed.  

Finally, the reactor temperature controller was set to the desired value, the gas was 

passed through the reactor, and the data acquisition system for temperature recording was 

started. 
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4.2.4.2. Measurement of temperature profiles 

The presence of dimples in the quartz tube made it impossible to use only one 

thermocouple to get the temperature profile through the quartz tube; two 
ଵ

ଵ଺
 inch type-K 

thermocouples were used. The top and bottom thermocouples were centered inside the 

reactor (they don’t touch the walls of the quartz tube) and they were pulled up and down 

to obtain the temperature readings at different heights. This procedure was followed for 

each furnace set point temperature. The gas mixture was passed through the reactor while 

the temperatures were measured. The measured temperature was corrected for radiation 

loss base on reference 3. 

 

4.2.5. Results and discussion 

4.2.5.1. Experimental results 

Different blank tests were run to consider any possible effect of the thermocouples, the 

ceramic honeycomb, and the quartz wool (which support the metal materials in the reactor) 

on methane oxidation. Figure 4.7 shows the results of the different blank tests. Each data 

point represents a separate, steady-state test carried out at a particular temperature. For 

blank test 1, the ceramic honeycomb, quartz wool, and the thermocouples were in the 

reactor. Then, the thermocouples were removed but the honeycomb and the quartz wool 

were left in place (blank test 2). Finally, the honeycomb and quartz wool were also removed 

and the gas mixture was passed through the empty reactor (blank test 3). The results show 

that for the empty reactor, methane oxidation starts and ends at a slightly lower temperature 

than at the other conditions. However, the difference is not significant. So, for all the tests 

with metals in the bed, we put thermocouples in the reactor and used ceramic honeycomb 
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and quartz wool in the system. Detailed results for the blank tests are included in Appendix 

F. Figure 4.8 shows a comparison of methane oxidation on different materials. For these 

tests, the bed depth was about 9.5 cm. As before, each data point represents a separate, 

steady state, approximately isothermal test at each temperature for each material. Thus, the 

curves generated represent the extent of methane oxidation at steady state as a function of 

temperature for the residence time within the bed. The metals (different stainless steels 

alloys and Hastelloy-X) show similar results for methane oxidation, and are similar to the 

ones obtained for the blank tests. The difference between the blank test and the tests 

involving a bed of material (where higher furnace set points were required to initiate onset 

of oxidation) are attributed to heat transfer and residence time differences. Oxidation for 

experiments that included a bed of metal wire starts at a furnace set point temperature 

around 725 ºC and completes at a furnace set point temperature around 775 ºC. The results 

suggest that the observed methane oxidation on the stainless steels and Hastelloy-X can be 

explained by homogeneous (noncatalytic) oxidation. For comparison, the experiment with 

a Pd catalyst promoted the initiation of methane oxidation at temperatures as low as 200 

ºC, for a bed depth of 9.5 cm, and complete oxidation occurred at a furnace set point around 

300 ºC. More detailed results are included in Appendix F. Note that the furnace set point 

temperature is not exactly equal to the bed temperature. To find the temperature at each 

point within the bed, refer to Figure 4.6 and Table 4.1. 

The activity of the Pd catalyst was also investigated by using beds of different depth, 

yielding different residence times, and then comparing the temperature at which oxidation 

began and ended. Figure 4.9 shows the results of methane oxidation for bed depths of 9.5 

cm, 1.3 cm, and 0.3 cm. The results are compared with a blank test when the gas mixture 
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is passed through an empty reactor. In the blank test, there is no methane conversion at 

furnace set point temperatures over the range 100 - 500 ºC. However, methane oxidation 

on Pd-coated alumina starts at temperatures around 200 - 250 ºC, and as the depth of the 

bed decreases (and residence time decreases), the oxidation ends at a higher temperature. 

All the previous experiments for catalytic activity of the metal samples were performed 

starting from lower furnace temperatures and increasing to higher temperatures. For 

example, for 304 SS, the test starts at 500 ºC and the furnace temperature was increased 

gradually until oxidation started. However, one test was run starting at 775 ºC, and then 

the temperature was gradually decreased to 500 ºC. Figure 4.10 shows a comparison of 

methane oxidation on 304SS when the test was run from low to high temperature and vice 

versa. No significant difference is observed. 

The activity of 304 SS was also examined by exposing the metal to the gas mixture at 

a furnace set point of 600 ºC for about 8 hr, to determine if there was any difference in 

activity of the metal due to extended exposure to the reacting mixture and potential 

oxidation or fouling. As is shown in Figure 4.11, no significant changes in methane 

concentration were seen over time for the conditions studied.  

 

4.2.5.2. CHEMKIN modeling results  

CHEMKIN chemical kinetic software (available commercially from Reaction Design1) 

was used to model the homogeneous oxidation of methane in the reactor at the UofU for 

experimental conditions and furnace temperatures of 450 ºC to 750 ºC. The temperature 

profile at each furnace setpoint temperature was measured experimentally and corrected 

for radiation loss.3 Since the experimental results indicated that the observed methane 
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oxidation can be explained by homogeneous (noncatalytic) oxidation, a series of 

simulations were performed to determine if this finding was supported by calculations. 

Appendix F provides detailed information on the modeling.  Four different mechanisms, 

nominally described as GRI-Mech 3.0, WF, ABF, and CRECK, were used to provide 

transport, thermodynamic, and kinetic data. A brief description of each mechanism is given 

and an example modeling procedure and detailed comparisons between the results of each 

mechanism are also presented in Appendix F. For each furnace set point, the reactor 

temperature profile was obtained from the experimental data presented in Figure 4.6. A 

Plug-flow Reactor (PFR) assumption was used to model the experiments. Figure 4.12 

shows a comparison between experimental data and a CHEMKIN prediction of methane 

homogenous oxidation (blank test 3– an empty reactor with no ceramic honeycomb or 

quartz wool). The results show that the predicted trends are in good agreement with the 

data. The minor differences are likely due to approximations such as use of a PFR model, 

as well as experimental bias error in the temperature profile measurements and assumptions 

in the radiation loss corrections.  

The same procedure was used to model some of the experimental data obtained by 

Western Research Institute (WRI).2 That data were previously provided under contract to 

AMSO, who shared the resulting data with the University of Utah. Two assumptions were 

used to model the WRI data. At first, it was assumed that the reactor temperature was fixed 

and equal to the average bed temperature reported by WRI. In a second approach, we 

assumed a temperature profile that was based on the average bed temperature reported by 

WRI and the trend in temperature observed by the University of Utah, similar to that in 

Figure 4.6. The detailed results of these simulations are provided in Appendix F. The 
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results suggest that the observed methane oxidation in the WRI tests can be explained by 

homogeneous oxidation rather than catalytic effects of the stainless steel or Hastelloy-X 

tested in their reactor. 

 

4.2.6. Summary 

Experimental and modeling studies were performed to investigate the catalytic activity 

of metals and catalysts that could potentially be used in heater construction and operation. 

Both experimental and modeling results show that the observed methane oxidation over 

stainless steels and Hastelloy-X can be explained by homogeneous oxidation rather than 

by any catalytic effect of these materials. On the other hand, Pd-coated alumina catalyst 

promoted complete methane oxidation at temperatures as low as 300 ºC. CHEMKIN results 

suggest that the experimental results previously reported by WRI on the catalytic activity 

of stainless steel and Hastelloy-X can also be explained by homogenous methane oxidation. 

 

  4.3. Section II: Cold-flow mixing study 

As discussed in Chapter 1, the homogeneous heater concept consists of two perforated 

pipes that inject the fuel and oxidizer into a perforated reaction chamber. The reactant 

mixing would be controlled by the relative locations and orientations of the nozzles in the 

feeder pipes. The mixing of reactants plays an important role in producing a dilute 

combustion environment and in controlling peak temperatures.  Thus, it is critical to design 

a system so that the fuel and oxidizer mix appropriately along the length of the reaction 

chamber. A cold-flow experimental mixing study was conducted to investigate the mixing 

of fuel and oxidizer jets and to determine the optimum positions and orientations of the 
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nozzles. This section summarizes the experimental setup for this purpose and the results 

obtained for different cases.  The latter includes uncertainty analysis.  

 

4.3.1. Experimental setup 

4.3.1.1. Bench-scale apparatus 

Figure 4.13 shows the schematic and a photo of the cold-flow apparatus.  It consists of 

two PVC pipes inside a larger, clear acrylic pipe that simulates the reaction chamber of the 

underground heater. The PVC pipes have holes to permit injection of either fuel or oxidizer 

into the reaction zone. Table 4.2 summarizes the sizes of the pipes and the holes. The pipe 

sizes were chosen so that the apparatus would be representative of a 1-meter section of the 

actual downhole heater. The hole size was estimated by the method explained in Chapter 

3, Case 1, first approach. The gases are injected to the PVC pipes, pass through the holes, 

mix in the chamber, and escape through the exhaust. There are eight sampling probes 

installed at different locations in the chamber.  The probes had the capability to get samples 

from various locations/orientations of the mixing chamber. The samples were analyzed 

with a micro GC to determine the gas composition.  The system was designed to allow the 

inner pipes to move in order to change the axial and tangential orientations of the holes. 

The length of the apparatus was 120 cm, with one hole on each of the injection pipes.   

 

4.3.1.2. Experimental parameters and operating conditions 

The primary objective of the experiment is to study gas mixing in the chamber and 

determine the optimum position and orientation of holes relative to each other. The 

parameters for the cold-flow studies are summarized in Table 4.3. 
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4.3.1.3. Gas flowrates 

Due to safety concerns, carbon dioxide and nitrogen were used instead of methane and 

oxygen. The density of nitrogen and oxygen are close to each other (
ఘಿమ

ఘೀమ

~ 0.9); however, 

carbon dioxide is heavier than methane ((
ఘ಴ೀమ

ఘ಴ಹర

~ 2.8), which may influence the mixing 

results and makes a deviation from the actual case where methane and oxygen are injected 

to the system. The experiment was run at atmospheric pressure even though the pressure 

of the actual equipment will be high (10-30 atm). Because of the difference in pressure, the 

mass flowrates in the cold-flow study are different from the expected operating conditions. 

However, the cold-flow gas flowrates were chosen so that the chamber Reynolds number 

would be approximately the same for the cold flow study and the actual heater for a 1-

meter section of a chamber. Table 4.2 to Table 4.4 summarize the resulting dimensions and 

flowrates. Note that reaction was not considered in the calculation. 

Two mass flow controllers metered the carbon dioxide and nitrogen from the cylinders 

to the system. For the nitrogen, a Brooks mass flow controller (model 5850E) was used.  A 

Smart Trak mass flow controller (series 100) was used for the CO2.  

 

4.3.2. Experimental procedure 

4.3.2.1. Orientations and positions of holes 

Three cases studied are shown in Figure 4.14.  In Cases 1 and 2, the holes on the PVC 

pipes delivered gases in adjacent or different axial locations, but had the same 

circumferential orientation. In Case 3, the holes were at the same axial position, but were 

directed away from each other. The top nozzle carried the N2 and the bottom nozzle carried  
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CO2 gas. In Case 1 and 3, the nozzles were 25 cm from the gas inlet, and in Case 2 the 

position of one nozzle was 25 cm, and the other was 50 cm from the gas inlet. Table 4.5 

lists the injection locations for the N2 and CO2. 

 

4.3.2.2. Mixing measurement methodology 

There are several methods available to determine the mixing behavior of gases inside 

the chamber. Some of these include high-speed infrared imaging, particle image 

velocimetry, visualization based on acid-base reactions using an indicator, or measuring 

gas mixture composition with a gas chromatograph. The last method was employed in this 

study. A Varian micro gas chromatograph (model CP4900) was used to analyze the mixture 

composition at different locations inside the chamber. In the mixing chamber, the gases 

mix and eventually escape from a vent. The pressure in the vessel was controlled by a valve 

on the exhaust vent. The valve was adjusted to maintain the minimum pressure difference, 

~ 690 Pa, required for the gas samples to flow to the micro GC. A manometer monitored 

the pressure difference between the chamber and the ambient pressure.  Figure 4.15 and 

4.16 show the exhaust valve and the manometer installed on the mixing chamber. 

Figure 4.17 shows the location of the sampling probes in the chamber. Eight probes, 

four on the top and four on the side of the chamber, were installed. Each was ruled in 

centimeters so that their positions could be recorded. Table 4.6 summarizes their positions. 

The X and Z orientations of the top probes were fixed; however, they were moved along 

the Y-axis to sample from different Y locations. There were also four side probes for which 

the Y and the Z positions were fixed. They were moved along the X-axis. The fittings on 

the probes were chosen so that they could be easily positioned. Figure 4.18 shows one 
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sampling probe with a closer view of the fittings. The probes were connected to a manifold, 

which conveyed the gas samples to the GC. The sampling manifold is shown in Figure 

4.19. 

 

4.3.2.3. GC calibration 

The GC was calibrated with five calibration gases. Table 4.7 lists the composition of 

each. Figure 4.20 and 4.21 show the calibration curves for CO2 and N2. The symbols are 

the average peak area obtained from the GC, and the line is a polynomial fit. The error bars 

are the analytic errors reported for each calibration gas. Calibration using the gas from each 

cylinder was repeated several times. The standard deviations and the confidence intervals 

(considering 95 % confidence level) for the calibrations are shown in Table 4.6.  

 

4.3.2.4. Calibration of mass flow controllers 

Both flow controllers were calibrated over the range of the desired flowrates.  Each was 

calibrated with two separate flow meters: a 1000-milliliter graduated tubular flowmeter 

and a digital flow meter (gilibrator). The confidence intervals for the CO2 and N2 mass 

flow controllers were 0.01 and 0.05 lit/min, respectively, for the targeted flowrates (N2 

inlet flowrate= 4.7+- 0.05 lit/min and CO2 inlet flowrate= 2.3+- 0.01 lit/min). The 

confidence intervals were determined considering a 95% confidence level.  

 

4.3.3. Results and discussion 

The CO2 and N2 concentrations were measured at 65 locations inside the chamber in 

Case 1. In Case 2 and Case 3, the concentrations were measured at 54 and 56 locations, 
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respectively. Sampling at each point was repeated several times to confirm repeatability.  

Based on the data obtained from the top probes, a contour of the CO2 mole fraction was 

generated at the x = 0 surface, which passes through the middle of the chamber between 

the two PVC pipe. Figure 4.22 shows the location of the x=0 surface. Figure 4.23 shows 

the CO2 mole fraction at plane x = 0 for the three cases. Complete mixing corresponds to 

a CO2 mole fraction of 33%. In Case 1 and Case 2, the two streams are well mixed. In Case 

3, the higher density CO2 tends to flow along the bottom of the chamber, where the CO2 

nozzle was oriented. Note that in the actual case, it is more likely that less scarification 

happens because methane density is lower than density of carbon dioxide. In addition, in 

the actual heater, methane will be injected to the bottom and oxygen will be injected to the 

top. Since the density of methane is lower than oxygen, it helps the gas mixing in the 

chamber.  The results show that the radial orientations of the nozzles have a more 

significant role in the mixing behavior than the axial positions of the nozzles and that the 

higher density of CO2 can lead to stratification. Case 3, where the circumferential positions 

of the nozzles are opposed, shows less mixing than Cases 1 and 2. Figure 4.22 and Figure 

4.23 show the CO2 mole fraction inside the mixing chamber at different locations. The 

samples were taken from four side-probes and they were moved in the x-direction to obtain 

a profile. The CO2 mole fractions in Cases 1 and 2 are similar at all sampling locations and 

are about 33 mole %, which indicates complete mixing. In Case 3, the CO2 mole fraction 

is high in the lower portion of the chamber and lower in the upper region. This result is 

consistent with injecting the higher-density CO2 gas in the bottom of the chamber. 

All cases could be suitable for heater applications depending on the purpose of the 

design, the desired level of mixing, and the desired temperature. Case 3 may be more 
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appropriate for dilute combustion. It somehow delays mixing so that we have an 

opportunity to mix combustion products in with the fuel and oxidizer, to thus control 

temperature and NOx formation.  

 

4.3.4. Uncertainty analysis 

Uncertainty analysis was performed to find the possible sources of error in the 

experiments and to find ways to eliminate or reduce them. In the following, some of the 

sources of the error are listed. The strategies taken to address some of the errors are also 

explained.  

There are different possible sources of errors in the current experiment: the apparatus, 

the procedure, or data analysis. In the following, several sources of uncertainty and ways 

to reduce them are discussed.  

 

4.3.4.1. Sealing of the system 

There is a chance of gas leakage in some parts of the apparatus. For example, there may 

be leakage from certain regions of the system such as the caps on the pipes and the chamber, 

connections of the manometer to the chamber, connection of the outlet valve to the chamber 

and the locations where probes are installed (especially the side-probes). Also, leakage 

occurs while adjusting the probe positions during each sampling interval. To minimize 

leakage, connections were tested for leakage before each run. A certain flowrate of air was 

sent to the system and all the outlets were closed. The pressure inside the chamber increased 

slightly above the ambient pressure. Then all connections were checked. There were two 

indicators for the leakage: (1) pressure inside the chamber dropped when the air flowrate 
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stopped; (2) Bubbles showed up in the leaking area when using soap solution.  

 

4.3.4.2. Uncertainty of the inlet flows 

The sources of uncertainty in the gas inlet flowrates are listed below. 

4.3.4.2.1. Flow controller calibrations. As explained before, one flow controller was 

calibrated by a digital gilibrator; the other was calibrated with a bubble meter. A list of 

possible sources of errors in the flow controller calibrations is presented below:  

 Error associated with the calibration of the digital gilibrator 

 Error in connecting the gas inlet to the digital and nondigital calibrators (there may 

be a leakage at the inlet, and all the gases may not enter the flow meters)  

 Error in measuring the time when using the nondigital flow calibrator (a stopwatch 

is used to measure the time the gas needs to pass the 1000 milliliter graduated tube, 

and human bias error can be introduced) 

 Error in the data interpolation and generation of the flow calibration curve  

In addition, the tolerance in the inlet pressure of the mass flow controllers could be 

another source of error. The data obtained from the same locations, performed a couple 

of times on different days, show that the uncertainty in the inlet pressure of the mass 

flow controller is negligible.  

 

4.3.4.3. Uncertainty in sampling and data collection 

The sources of uncertainty due to sampling and data collection are listed below.  

4.3.4.3.1. Placement of the probe (uncertainty on the probe location).The sampling probes 

shafts were marked/scaled in centimeters. Sampling was repeated twice at the same 
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locations to help assess bias errors.  

4.3.4.3.2. Having a manifold between the probe and the GC. There is a manifold 

between the sampling probes and the GC. In changing sampling locations, there is a chance 

that the previous gas mixture is not completely purged from the manifold and downstream 

tubing. To eliminate this problem, samples were drawn for 10 to 20 minutes, which is 

approximately equivalent to 8 to 16 manifold volumes.  

4.3.4.3.3. Error in reading the pressure difference from the manometer. A manometer 

was installed in the mixing chamber to monitor the pressure difference between the inside 

of the chamber and ambient pressure. There may be a human bias error associated with the 

reading of the pressure from the manometer.   

 

 4.3.4.4. Uncertainty in data analysis 

Uncertainty associated with the GC measurements and their interpretation is explained 

below.  

4.3.4.4.1. Error of the GC calibration. The GC was calibrated before starting 

measurements. To have enough data points to generate reliable calibration curves, five 

calibration cylinders with different species compositions were used. The calibration data 

were interpolated with a polynomial curve fit. The detailed calibration procedure is 

explained in section.  

4.3.4.4.2. The amount of the gas pulled out at each sampling intervals. The other 

important parameter, which may cause uncertainty in the data, is the amount of the gas 

pulled out at each sampling location. It is an indicator of whether a sample is representative 

of a particular point in the reactor, or a mixing-cup average of a larger volume. The 



114 

 

sampling procedure should be done so that it minimizes disturbance of the gas composition 

at the sampling location. The average volumetric flowrate of the gas pulled out of the 

system was 181.4 ml/min, which was about 2.6 % of the total gas inlet flowrate (N2 inlet 

flowrate= 4.7+- 0.05 lit/min and CO2 inlet flowrate= 2.3+- 0.01 lit/min).  The ratio of the 

volumetric flowrate of the gas pulled out from the system to the total gas flowrate inside 

the chamber is small. Therefore, we can conclude that at each sampling period, a small 

volume of gases around the probe was pulled out and sampling did not disturb the flow 

pattern inside the chamber.  

 

4.3.5. Summary 

A cold-flow experimental mixing study was conducted to investigate the mixing of fuel 

and oxidizer jets and to determine the optimum position/orientation of the jets relative to 

each other. 

Three cases were studied. In Cases 1 and 2, the holes on the PVC pipes were delivering 

gases in adjacent or different axial locations, respectively, but had the same circumferential 

orientation. In Case 3, the holes were at the same axial position but were directed away 

from each other. In Cases 1 and 3, the nozzles were 25 cm from the gas inlet, and in Case 

2, the position of one nozzle was 25 cm, and the other was 50 cm, from the gas inlet. The 

gas compositions at different locations inside the chamber were measured with a micro 

GC. The results showed that in Case 1 and Case 2, the two streams were well mixed in the 

mixing chamber. In Case 3, there were two distinct regions, a volume where the 

concentration of CO2 was high (N2 is low) and a second where the concentration of N2 was 

high.  We concluded from the results that the radial orientations of the nozzles had a more 
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significant role in the mixing behavior than the axial positions of the nozzles. Case 3, where 

the circumferential positions of the nozzles were different, showed less mixing than cases 

1 and 2. 

An uncertainty analysis was performed and some possible sources of experimental 

errors were discussed. We also explained the attempts to minimize these errors in our 

experimental work. Finally, the volumetric flowrate of the sampling gas pulled out of the 

system was measured and compared with the total gas flowrate inside the chamber to make 

sure that the sampling procedure did not significantly disturb the flow inside the chamber. 
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Figure 4.1: Schematic of experimental setup (fixed-bed reactor) 
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Figure 4.2: Photo of experimental system 
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Figure 4.3: Photo of furnace 
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Figure 4.4: Fixed bed components 
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Figure 4.5: Fixed bed dimensions 
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Figure 4.6: Temperature profile in the quartz tube reactor at different furnace set point 
temperatures (gas flowrate: 500ml/min ) 

 

 

 

Figure 4.7: Effect of thermocouples, ceramic honycomb, and quartz wool on methane 
oxidation  (gas flowrate:500ml/min) 

50
100
150
200
250
300
350
400
450
500
550
600
650
700
750
800

0 5 10 15 20 25 30

ga
s 

Te
m

pe
ra

tu
re

 (C
)

Distance from the top of the furnace (cm)

Temperature profile in the furnace, Gas:500ml/min air
60
0C
62
5C
65
0C
67
5C
70
0C
72
5C
75
0C
45
0C
50
0C

0.0
0.2
0.4
0.6
0.8
1.0
1.2
1.4
1.6

100 200 300 400 500 600 700 800

CH
4 

vo
lu

m
e 

fr
ac

tio
n 

(%
)

Furnace set point ( C )

Blank Tests

Blank test 1

Blank test 2

Blank test 3



122 

 

 

Figure 4.8: Methane oxidation on different materials (gas flowrate:500ml/min) 

 

 

 

Figure 4.9: Comparison of methane oxidation on different bed depths with Pd catalyst 
(gas flowrate: 500 mL/min) 
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Figure 4.10: Methane oxidation on 304SS, furnace setpoint from low T to high and vice 
versa 

 

 

 

Figure 4.11: Methane oxidation on 304SS over 8 hours at furnace set point equal to 600 
ºC. 
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Figure 4.12: Comparison between experimental data (blank test 3) and CHEMKIN 
prediction of methane homogenous oxidation  
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Figure 4.13: Cold-flow experimental setup 
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Cas 1 & 2 Case 3 
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Figure 4.14: Schematics of the nozzle positions and orientations in the three studied cases 
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Figure 4. 15: Gas outlet 

 

 

Figure 4.16: Manometer installed on the mixing chamber 
 



128 

 

 

Figure 4.17: Axial locations of the sampling probes on the mixing chamber, side view of 
the chamber 

 

 

Figure 4.18: Closer view of a sampling probe and its fittings 
 

 

Figure 4.19: Sampling manifold 
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Figure 4.20: N2 calibration curve 
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Figure 4.21: CO2 calibration curve 

N2%= -1.78e-5 (Area)2 + 0.1187 (Area) - 89.822 

CO2%= -1.6e-7 (Area)2 + 0.013(Area) - 1.033 
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Figure 4.22: Location of planar surface at x=0 inside the mixing chamber 

X=0 
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Case 1, CO2 % at middle surface (X=0)
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Figure 4.23: CO2 mole fraction (%), at iso-surface x=0 
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Figure 4.24: CO2 mole fraction at different nozzle orientations 
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Table 4.1: Summary of tests performed 

Material 
Number 

of tests  

Furnace 

set 

point T 

(ºC) 

Avg. 

bed T 

(ºC) 

Bed 

depth 

(cm) 

Surface 

area 

(cm2/gr) 

Est. 

void 

fraction 

Est. bed 

Volume 

(cm3) 

Residence 

time 

through 

bed (s) 

Conversion 

Blank test 

(homogeneous 

oxidation) 

34 100-750 
430 - 

790 
- - - - - 

starts at set 

point 

650ºC,   

completes 

at 700ºC 

Ceramic balls  

3 mm diameter 
11 500-775 

515 - 

780 
9.5 2.13 0.40 21.65 1.75 

starts at set 

point 

700ºC, 

completes 

at 775ºC 

316 SS wires 

1mm diameter 
16 300-775 

318 - 

774 
9.5 4.76 0.59 14.80 2.55 

starts at set 

point 

725ºC, 

completes 

at 775ºC 

304 SS wires 

1mm diameter 
19 500-775 520-800 9.5 4.76 0.59 14.80 2.55 

starts at set 

point 

725ºC, 

completes 

at 775ºC 

410 SS wires 

1mm diameter 
14 450-800 484-825 9.5 4.76 0.59 14.80 2.55 

starts at set 

point 

725ºC, 

completes 

at 800ºC 
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Table 4.1: Continued 

Material 
Number 

of tests  

Furnace 

set 

point T 

(ºC) 

Avg. 

bed T 

(ºC) 

Bed 

depth 

(cm) 

Surface 

area 

(cm2/gr) 

Est. 

void 

fraction 

Est. bed 

Volume 

(cm3) 

Residence 

time 

through 

bed (s) 

Conversion 

420 SS wires 

1mm diameter 
11 500-775 531-800 9.5 4.76 0.59 14.80 2.55 

starts at set 

point 

725ºC, 

completes 

at 775ºC 

Hastelloy-X 

wires 1mm 

diameter 

11 500-775 
529 - 

800 
9.5 4.76 0.59 14.80 2.55 

starts at set 

point 

725ºC, 

completes 

at 775ºC 

Alumina balls 

coated with Pd 

(104 mg Pd, 

 2-4mm 

diameter) 

9 
100–

300 

105 - 

330 
9.5 104.9 0.65 12.63 2.8 

starts at set 

point 

200ºC, 

completes 

at 300ºC 

Alumina balls 

coated with Pd 

(13.6 mg Pd, 

2-4mm 

diameter) 

7 

100–

325 

 

110 - 

403 
1.3 13.6 0.65 1.73 0.39 

starts at set 

point 

200ºC, 

completes 

at 325ºC 

Alumina balls 

coated with Pd 

(4.07 mg Pd, 

2-4mm 

diameter) 

15 

 

100–

525 

 

111 - 

563 
0.3 4.07 0.65 0.40 0.09 

starts at set 

point 

250ºC, 

completes 

at 525ºC 
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Table 4.2: Summary of the pipes and holes sizes  
 ID (in) Wall Thickness (in) 

PVC pipes 2.469 0.203 

Acrylic pipe 9.5 0.25 

Holes on the PVC pipes 1/8  

 

 

Table 4.3: List of the fixed and variable parameters in the cold-flow experiment 
Fixed parameters Variable parameters 

Gases:  CO2, N2 Hole positions 

T=298 K, P=1 atm Hole orientations 

Number of holes: one hole on each of the N2 and CO2 pipes  

Size of the holes: 1/8 in  

Gas flowrates  

 

 

Table 4.4: Summary of the pipe sizing, gas flowrates, and Re numbers in the cold-flow 
experiments 

 N2 pipe CO2 pipe 

Pipe length, L (m) 1.2 1.2 

Number of holes, n 1 1 

Hole diameter (in) 1/8 1/8 

Total pipe inlet flowrate 

(L/min) 

4.7+-0.05 2.3+-0.01 
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Table 4.5: XYZ location and orientation of N2 and CO2 holes (in centimeters) for the 
different cases 

Case number N2 CO2 

Case 1 (4 cm, -9cm, 25 cm), up (-4 cm, -9 cm, 25 cm), up 

Case 2 (4 cm, -9cm, 25 cm), up (-4 cm, -9 cm, 50 cm), up 

Case 3 (4 cm, -9cm, 25 cm), up 
(-4 cm, -9 cm, 25 cm), 

down 

 
 

 

Table 4.6: Positions of the eight sampling probes 
  X (cm) Y(cm) Z(cm) 

Top probes 

Probe #1 0 
Moves from -2 

cm to -22 cm 
10 

Probe #2 0 
Moves from -2 

cm to -22 cm 
35 

Probe #3 0 
Moves from -2 

cm to -22 cm 
75 

Probe #4 0 
Moves from -2 

cm to -22 cm 
100 

Side Probes 

Probe #5 
Moves from -6 

cm to +6 cm 
-5 25 

Probe #6 
Moves from -6 

cm to +6 cm 
-19 25 

Probe #7 
Moves from -6 

cm to +6 cm 
-5 50 

Probe #8 
Moves from -6 

cm to +6 cm 
-19 50 
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Table 4.7: Gas composition in each calibration gas cylinders 
Calibration 

gas cylinder 

N2 fraction 

(%) 

CO2 fraction 

(%) 

Other gases 

fraction (%) 

Analytical 

error (%) 

Cal-gas # 1 59.053 4.515 36.432 + - 5 

Cal-gas # 2 65.92 34.08  + - 0.02 

Cal-gas # 3 99  1 + - 2 

Cal-gas #4 100    

Cal-gas #5  100   

 

 

Table 4.8: Average peak areas, standard deviations, and confidence intervals for the GC 
calibration gas measurements 

N2% Average Peak Area Standard Deviation 
Confidence Interval  

(95 % confidence level) 

59.053 1676.33 14.89 16.86 

65.92 1797.24 1.11 0.97 

100 2668.25 6.26 6.13 

CO2% Average Peak Area Standard Deviation 
Confidence Interval  

(95 % confidence level) 

4.515 429.73 3.15 3.56 

34.08 2802.26 17.44 15.29 

100 8722.65 55.05 53.95 

 



 
 

CHAPTER 5 

 

MODELING 

 

5.1. Overview 

Chapter 5 has two sections. In Section I, the effect of diluents such as N2, CO2, and 

H2O on the methane oxidation was investigated. The chemical and thermodynamic effects 

of diluents on the reactor temperature, ignition-delay, and flame stability were studied. To 

demonstrate the effect of the thermodynamic properties of diluents on model predictions, 

we conducted CHEMKIN calculations with an imaginary, inert version of each diluent. It 

has the same thermodynamic and transport properties as the noninert species, but does not 

participate as a reactant in any chemical reactions.  

A sensitivity analysis was also performed to demonstrate the effect of chemical kinetic 

properties of diluents on model predictions. We looked at the reactions that were influenced 

by diluent concentrations and found the reactions that were the most sensitive to ignition-

delay time within the desired operating conditions, to determine which of the reactions 

inhibit reactivity and which ones promote it. In all calculations, it was assumed that the 

reactor was adiabatic. However, in a downhole heater, there would be heat transfer from 

the reaction chamber to the surroundings and this issue was addressed in subsequent 

simulations, as noted below. The average heat transfer coefficients of the reaction chamber 

and the outer annulus were determined previously and discussed in Chapter 3.  
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In Section II, the heat transfer from the reaction chamber to the surroundings was 

considered in the calculations. CHEMKIN calculations were performed for a 1-meter 

section of the reaction chamber using nonadiabatic boundary conditions. The calculation 

was performed for fuel/oxidizer mixtures with varying levels of dilution over a range of 

temperatures to determine the bounds of homogenous ignition. A mixture of 67 mole 

percent CO2 and 33 mole percent H2O was defined as a diluent. Two canonical models, a 

plug-flow reactor (PFR) and a perfectly-stirred reactor (PSR), were investigated as two 

limiting cases.  The predictions of each model were compared, and the amount of diluent 

required to reach the desired reactor temperature (T~939K) was estimated.  

  

 5.2. Section I: Calculated impacts of diluents on flame 

 temperature, ignition-delay, and flame speed of  

methane-oxygen mixtures at high pressure  

and low to moderate temperatures  

5.2.1. Overview 

Oxy-fuel combustion is one method to produce concentrated streams of carbon dioxide 

for subsequent sequestration. An additional benefit of oxy-firing is a reduction in NOx 

formation. The high combustion temperatures resulting from oxy-firing are typically 

controlled by exhaust gas recirculation. In this work, we performed chemical kinetic 

(CHEMKIN) calculations using a mechanism validated for these conditions to study the 

effects of dilution by either carbon dioxide or water vapor on methane oxy-combustion, 

and to compare the results with methane air-combustion (N2 as the diluent).  The study was 

performed under adiabatic conditions at P=30 atm, φ=1, and initial temperatures of T=800-
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1200K, which mimic the inlet conditions of many gas turbines and flameless combustors. 

The calculations show that H2O addition at low initial temperatures and high pressure leads 

to considerable reduction in the ignition-delay time. This result is mainly due to changes 

in the radical pool and competition between the elementary reactions for the hydroxyl 

(OH), methyl-peroxyl (CH3OO), and methoxy (CH3O) radicals at low temperatures. On 

the other hand, carbon dioxide leads to lower adiabatic flame temperatures and flame 

speeds at elevated pressure. One reason for this effect of CO2 is its higher specific heat 

capacity and lower thermal diffusivity, as compared to N2 and H2O. In addition, carbon 

dioxide dilution decreases the rate of the main chain branching reaction (R2: H + Oଶ ↔

O + OH) due to increasing competition between this reaction and the reverse of 

(R29:  CO + OH ↔  COଶ + H) for H radicals, and thus results in reductions in flame 

propagation and flame speed.  

 

5.2.2. Introduction 

Oxy-fuel combustion is one method to produce concentrated streams of carbon dioxide 

for subsequent sequestration. An additional benefit of oxy-firing is a reduction in NOx 

formation.1–3 In this technique, oxygen (often with some diluents) is used as an oxidizer 

instead of air. Exhaust gas recirculation can be used to control the temperature and to 

reduce the pollutant emissions in oxy-fuel combustion systems, flameless combustors, 

internal combustion engines, gas turbines, and downhole heaters.4–10 Since providing  

oxygen is energy-intensive and expensive, oxy-fired  systems usually operate near  the 

stoichiometric ratio, and the temperature is controlled by the amount of diluent in the 

system.1–3 However, adding diluents to the fuel/oxidizer mixture affects the flame 
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reactivity and combustion stability. Therefore, it is crucial to understand the effect of such 

diluents on the oxidation kinetics.  

The diluent can alter the physical properties of the mixture (such as heat capacity or 

mass/thermal diffusivity) or participate in the elementary reactions. Previous work has 

been centered on the effect of nitrogen and carbon dioxide on the combustion of methane 

and natural gas.11–17 Some studies also investigate the effects of water vapor.18–22  However, 

few studies have performed reaction pathway and sensitivity analysis at low to moderate 

inlet temperatures and high pressure, which mimics the inlet condition of many gas 

turbines, flameless combustors, and downhole heaters. In this paper, we are trying to 

understand the influence of diluents on the fundamental properties of adiabatic oxy-fuel 

combustion at initial temperatures ranging from 800K to 1400K and pressure equal to 30 

atm, by employing detailed chemical kinetics calculations. The primary objective is to 

determine the effects of diluents on methane oxidation; or in other words, how do the 

chemical and physical properties of diluents affect reactivity, ignition-delay, and flame 

speed of methane/oxygen mixtures for the conditions of interest.  

First, we describe the computational models and chemical kinetic mechanisms used in 

these calculations. We also provide some validation for the mechanisms over a range of 

temperatures and pressures. Then, the effect of diluents on the adiabatic flame temperature, 

the ignition-delay time, and the flame speed is discussed. The kinetic effects, as well as the 

physical effects of the diluents on the methane/oxygen oxidation behavior, are investigated.   

Finally, we discuss some practical implications of the results for an oxy-fuel combustor 

working at high pressure and low-to-moderate initial temperatures within an environment 

using either carbon dioxide or water vapor as a diluent. 
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5.2.3. Chemical kinetic models, mechanisms, and validation 

All of the adiabatic flame temperature and ignition-delay time calculations were 

conducted with the 0-D reactor package in CHEMKIN Pro, which is a homogeneous 

reactor model operating with constant pressure.23 The flame speed analyzer was used for 

the flame speed calculations. The thermal diffusion of species (the Soret effect) was 

considered in flame calculations.  

The chemical reaction mechanism employed in this study was published by Glarborg 

& co-workers.24,25 The mechanism was developed for light hydrocarbon (CH4 and C2H6) 

oxidation at low-to-intermediate temperatures (500-1100 K) and high pressures (up to 100 

atm), and considers the reactions and species involved at these conditions such as 

alkylperoxy species and their radical derivatives. The overall mechanism consists of 45 

species and 316 reactions. It has been validated for oxy-fuel combustion with flow reactor 

experimental data at 600-900K, 50-100 atm, and stoichiometric ratios ranging from lean to 

fuel rich. It is also validated with RCM experimental data at 800-1250 K and 15-80atm. 

Glarborg et al. also evaluated their chemical mechanism against the shock tube data (1100-

1700K, 7-456 atm) from the literature.24,26 Besides the validation efforts provided by 

Glarborg et al., we also performed validation of the mechanism for the conditions of this 

work.  

Figure 5.1 compares the ignition-delay time predicted by three different 

mechanisms24,25,27,28 with experimental data at low inlet temperatures (T<1000 K). The 

symbols represent experimental data obtained by V.G. McDonell et al. in a flow reactor.29 

The mechanism also provides good agreement with their data at higher temperatures; 

however, since oxidation with high inlet temperatures is not the focus of this paper, the 
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validation results are not shown here.  Figure 5.1 illustrates that the ignition-delay predicted 

by the Glarborg mechanism is in good agreement with the experimental data, especially in 

the desired ranges of temperature (T<900K). 

Methane flame speed has been measured by many researchers30–37; however, most of 

the data are at pressures up to 20 atm and gas inlet temperatures of around 300 K, which is 

lower than the focus of this paper. Glarborg et al.24 validated their mechanism for 

predicting flame speeds at 1, 5, and 10 atm and initial temperatures of around 300 K. We 

performed additional validation at temperatures up to 617 K, pressures up to 20 atm, and 

equivalence ratios from 0.8 to 1.2. Figure 5.2.a compares  the flame speeds predicted by 

the Glarborg mechanism and those measured by G.L. Dugger38 at atmospheric pressure, 

φ=1.22 and initial T=367-617 K.  

Figure 5.2.b compares the flame speeds predicted by the Glarborg mechanism with 

experimental data at higher pressure (P=20 atm, T=400-600 K, φ=1). The experimental 

data at P=20 atm are the same data used to validate GRI mech 2.1 and GRI mech 3.0.28,39 

In all cases, the model predictions are in a good agreement with the experimental data. 

Therefore, we can use the Glarborg mechanism to perform calculations in the desired range 

of operating condition with confidence.  

 

5.2.4. Results and Discussion 

5.2.4.1. The effect of diluents on adiabatic flame temperature 

This section uses the mechanism and computational tools validated above to investigate 

how the properties of diluents affect the adiabatic flame temperature. The calculations are 

performed at constant pressure, P = 30 atm. The equivalence ratio is 1.0 and the oxidizer 
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is composed of 21 mole % oxygen and 79 mole % diluent (the nitrogen in the air is replaced 

by carbon dioxide or water vapor). The pressure is considered constant because that is 

typical of gas turbine combustors.40 The equivalence ratio is unity because oxy-fuel 

combustors usually operate near stoichiometric conditions to save energy and avoid excess 

fuel or oxidizer.2,3,41 

Figure 5.3 shows a comparison of adiabatic flame temperature of different methane - 

oxidizer mixtures at gas inlet temperatures ranging from 800 to 2000 K. The adiabatic 

temperature is highest when nitrogen is the diluent and lowest when carbon dioxide is the 

diluent. Interestingly, the difference between Tୟୢ,୒మ,   Tୟୢୌమ୓, and Tୟୢ,େ୓మ, is almost constant 

as the inlet temperature increases.  

To quantify the physical and chemical effects of diluents on the adiabatic flame 

temperature calculation, two imaginary species, iH2O and iCO2, are defined. The imaginary 

species have the same thermodynamic and transport properties as those of H2O and CO2, 

but they do not participate in any reactions. This approach has been used by many 

researchers to distinguish the physical and chemical effects of different species. 1,7,42–46  

The physical effect can be highlighted by comparing the results obtained with N2 dilution 

(air as the oxidizer) and the results of the imaginary diluents. The chemical effects of the 

diluents can then be identified by comparing the results of real diluents and imaginary 

diluents.  

At low temperature, the chemical effect of diluents is almost negligible; the difference 

in adiabatic temperatures is mainly due to the difference between the heat capacities. 

Carbon dioxide has the highest Cp and shows the lowest flame temperature, while nitrogen, 

which has the lowest Cp, has the highest flame temperature. As the initial temperature 
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increases, the chemical effects of diluents become more important and cannot be neglected. 

To summarize, adding CO2 or H2O as diluents to the system is beneficial to the control 

of reaction temperature. The physical effect of diluents, which is mostly due to different 

heat capacities, outweighs the chemical effects at temperature ranging from 800 K to 1200 

K. Therefore, in most flameless combustion systems, gas turbines combustors, and 

downhole heaters where the gas initial temperature is usually 800-1200 K, the physical 

effect of diluents on the flame temperature is dominant and the chemical effect can be 

neglected. Adding a diluent with higher heat capacity (such as CO2) is helpful in lowering 

the reaction temperature. 

 

 5.2.4.2. The effect of diluents on ignition-delay time 

The ignition-delay time is one of the most important parameters in describing the 

oxidation characteristics of a mixture. It also influences flame stability and propagation.47–

49 In gas turbines and many other combustors, the ignition-delay  time is a crucial parameter 

to avoid auto ignition and possible damage to the system.40 On the other hand, in flameless 

combustors and some downhole heaters, it is an important parameter to allow better mixing 

between the fuel/oxidizer and diluent50 and a more uniform temperature profile. In either 

case, the ignition-delay time is a critical parameter and an understanding of the effect of 

diluents on ignition-delay time is crucial.  

In this section, the effects of various diluents on the ignition-delay time of methane-

oxygen-diluent mixtures are discussed, and the reasons behind each observation are 

investigated. For all calculations, the values of initial conditions were chosen to be in the 

ranges typical of gas turbines: 30 atm, gas inlet temperatures varying from 800 K to 1400 

K, and an equivalence ratio of unity. Preliminary calculations over a wide range of 
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conditions (1 to 30 atm and 300 K - 2000 K) displayed the same qualitative trends as our 

more focused calculations.  

Figure 5.4 shows the ignition-delay time of a methane/oxygen mixture diluted with 

different species as a function of gas inlet temperature. The mole fraction of oxygen in the 

oxidizer is 21% and the balance is diluent. Figure 5.4 demonstrates that the ignition-delay 

time decreases as the inlet gas temperature increases. The results are in agreement with the 

observations of Donohoe et al.51 Figure 5.4 also illustrates that at inlet temperatures above 

1000 K, there is no significant difference between the delays seen with CO2, H2O, and N2 

as diluents. At lower temperatures, water vapor addition decreases the ignition-delay time 

quite significantly, while carbon dioxide causes a slight increase in ignition-delay. The 

same trend has been observed by other researchers.41 One reason why carbon dioxide may 

provide an increase in ignition-delay could be its relatively high heat capacity. As the heat 

capacity increases, the reaction temperature drops and thus the ignition-delay time 

increases. There are also some kinetic considerations that may affect the ignition-delay.  

Sensitivity and reaction pathway analyses were performed to understand why water vapor 

leads to the lowest ignition-delay time, as compared to the two other diluents. 

In general, a temperature sensitivity analysis is an indicator to determine how much a 

particular elementary reaction contributes to temperature change when a mixture ignites. 

Therefore, it is possible to determine the reactions that contribute most to the ignition.  Such 

an analysis is usually performed by perturbing the pre-exponential factor of each individual 

reaction rate (basically perturbing the rate constant) with a small constant and monitoring 

the effect of these perturbations on temperature.52 Figure 5.5 shows the temperature 

sensitivity of the elementary reactions (listed in Table 5.1) during the ignition of a methane 
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- oxygen mixture in the presence of different diluents at initial T=800 K, 30 atm, and  = 

1. The oxidizer consists of 21 mole % O2 and 79 mole % diluent. The reaction that shows 

higher temperature sensitivity plays a more important role in the ignition behavior. The 

positive sensitivity coefficient means increasing the rate of the reaction leads to higher 

temperature (more heat production), while the negative coefficient means increasing the 

rate of the reaction leads to a lower temperature (less heat production).  

Based on the sensitivity and the reaction pathway analysis, we can identify three main 

reasons why the water vapor addition promotes methane oxidation and reduces the 

ignition-delay time at low temperature.  

First, at low temperature, R120 is dominant, and methane is mostly consumed by 

methyl-peroxyl radical (CH3OO) to produce methyl radical (CH3). Reactions R123 and 

R118 are important elementary reactions that consume methyl-peroxyl radical (CH3OO) 

and thus compete with R120. Figure 5.6 shows the rate of consumption of CH3OO by R118 

and R123. Note that the negative rates mean that the CH3OO radicals are consumed by the 

forward reactions of R118 and R123. The comparison in Figure 5.6 is between N2 and 

water vapor as diluents. Figure 5.6 illustrates that the rate of consumption of CH3OO is 

higher (R123) in the absence of water vapor. Therefore, at low T, in the absence of water 

vapor, there is more competition between R120 and R123 for CH3OO radical, which yields 

a slower consumption of methane. Thus, the ignition-delay time decreases when water 

vapor is the diluent. Second, the other critical elementary reaction at low temperature is 

R102 whereby methane consumes methoxy radicals (CH3O) to produce methyl radicals 

(CH3).   

R92 also competes with R102 for methoxy radical (CH3O). Figure 5.7 shows that in 
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the absence of water vapor, the rate of consumption of methoxy radical (CH3O) by R92 is 

higher. Hence, there is more competition between R102 and R92 when nitrogen is the 

diluent, leading to slower consumption of methane and an increase in ignition-delay time. 

Third, in the present of water vapor, the rate of production of OH radicals by reaction 

R25 significantly increases from 6.72 ∗ 10ିସ to 1.36 ∗  10ିଵ mole/cm3-sec.  There are two 

reasons for this increase: first and most important, the third-body efficiency of water is 

much higher than for other species in R25 (efficiencies shown in Table 5.1); second, as 

shown in Figure 5.8, the rate of production of H2O2 (R23) slightly increases when water 

vapor is the diluent. The increased concentration of OH radicals in the presence of water 

vapor favors methane oxidation by R47 and lowers the ignition-delay time. Because of 

these three reasons, having water vapor in methane combustion processes operating at high 

pressure and low temperature helps the oxidation and decreases the ignition-delay time.    

Finally, the effect of the pressure and diluent mole fraction was investigated. Figure 

5.9 shows the ignition-delay time of a constant methane-oxygen mixture with increasing 

levels of dilution by N2, CO2 or H2O. The ignition-delay time was calculated at 800 K, 

φ=1, and P=10 atm and 30 atm. As shown in the figure, the ignition-delay time increases 

as the diluent mole fraction increases, regardless of the diluent, and decreases as the 

pressure increases. As discussed before, adding water vapor as a diluent promotes methane 

oxidation and reduces the ignition-delay time. This effect is more significant at lower 

pressure and higher diluent mole fraction.  

Please note that Figure 5.9 presents the effect of N2 and CO2 in the absence of H2O. 

However, in actual combustion situations, water vapor exists as either a byproduct of 

combustion or humidity in the fuel/oxidizer streams. Thus, it is certainly of great interest 
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to investigate the ignition behavior of methane in the presence of varying levels of 

humidity.  Figure 5.10, shows the ignition-delay time of a constant methane- oxygen- 

diluent mixture with increasing H2O mole fraction. The ignition-delay time of methane was 

calculated at an inlet temperature of 800 K, P=30 atm, and φ=1, while the total 

concentration of diluent was fixed (oxidizer consisted of 21 mole % O2 and 79 mole % 

diluent). The diluent is a mixture of “CO2+H2O” or “N2+H2O” and the level of H2O mole 

fractions in N2 and CO2 changes. As explained before, CO2 addition to methane-oxygen 

mixtures increases the ignition-delay time more than N2 addition. Thus, as shown in Figure 

5.10, the ignition-delay of “CO2+H2O" case is higher than "N2+H2O" case. It also shows 

that H2O addition to the CO2 or N2 diluents (even with low H2O mole fraction) reduces the 

ignition-delay time in these adiabatic calculations. The ignition-delay drops as the H2O 

mole fraction increases. The slope of the graphs is sharper at lower H2O mole fraction (less 

than 10 %), which demonstrates that the presence of even small percentages of humidity 

affects the ignition behavior of methane, and reduces the ignition-delay time.    

The trends for “N2+H2O” and “CO2+H2O” cases are the same, especially at low H2O 

mole fractions; however, as the H2O mole fraction increases, the effect of H2O becomes 

more significant for the “CO2+H2O" case.  

 

5.2.4.3. The effect of diluents on flame speed 

When a diluent is added to a mixture, the concentration of fuel and oxidizer drops, 

which leads to a lower net reaction rate and lower flame speed. In addition, each diluent 

changes the thermal and mass diffusivities and heat capacity of the mixture, which also 

affect the flame speed. Finally, some noninert diluents participate in chemical reaction 
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pathways and affect the flame speed.43 

The objective of this section is to better understand the effect of the diluents, N2, CO2, 

and H2O, on the flame speed of methane-oxygen mixtures at high pressure and low to 

intermediate inlet temperatures Figure 5.11 illustrates the effect of different diluents on the 

flame speed for a methane-oxygen mixture at P=30 atm, inlet T=800 K, and  = 1. The 

flame speed decreases as the diluent mole fraction increases; however, carbon dioxide 

reduces the flame speed more significantly than the other diluents. Similar results have 

been reported by other researchers14–17 for methane-air mixtures. 

Unlike carbon dioxide, both nitrogen and water vapor addition decrease the flame speed 

almost linearly. This observation is consistent with experiments performed at atmospheric 

pressure and inlet temperatures of 300-400 K.7,14,46  

The sensitivity of flame speed to carbon dioxide may be due to its higher specific heat 

capacity and lower thermal diffusivity relative to N2 and H2O.41 Kinetic effects may also 

be significant. Ghoniem et al.1 investigated the effects of CO2, H2O, and N2 dilution on 

flame speed of methane-oxygen mixtures. They showed that nitrogen dilution has no 

kinetic effect on the flame speed of methane-air mixture. Thus, we focus here on 

quantifying the physical and kinetic effects (including the third-body efficiency and the 

chemical effects) of CO2 and H2O dilution.  

The relative contribution of the third-body efficiency, the physical and the chemical 

properties can be determined by defining four imaginary species as follows: 

iCO2: Species has the same thermodynamic and transport properties and third-body 

efficiency as CO2, but does not participate chemically in any reaction. 

iCO2_n: Species has the same thermodynamic and transport properties as CO2 but does not 
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participate in any reaction, either as a reactant or as a third-body species.  

iH2O: has the same thermodynamic, transport properties and third-body efficiency as H2O, 

but does not participate chemically in any reaction. 

iH2O_n: has the same thermodynamic and transport properties of H2O, but does not 

participate in any reaction, either as a reactant or as a third-body species. 

N2 is taken as a reference case. At a given diluent mole fraction, the relative decrease due 

to the physical, chemical and third-body efficiency effects are determined by calculating 

the following ratios:7,14 

Physical effect(େ୓మ ୭୰ ୌమో) =   
flame speed (୒మ) − flame speed (୧େ୓మ_౤ ౥౨ ౟ౄమో_౤ )

 

flame speed(୒మ) − flame speed (େ୓మ ౥౨ ౄమో )
 

Chemical effect(େ୓మ ୭୰ ୌమో) =   
flame speed (୧େ୓మ ౥౨ ౟ౄమో )

−  flame speed (େ୓మ ౥౨ ౄమో ) 

flame speed(୒మ) − flame speed (େ୓మ ౥౨ ౄమో )
 

Third − body efficency effect(େ୓మ ୭୰ ୌమో)

=   
flame speed (୧େ୓మ_౤ ౥౨ ౟ౄమో_౤ )

−  flame speed (୧େ୓మ ౥౨ ౟ౄమో )
 

flame speed(୒మ) − flame speed (େ୓మ ౥౨ ౄమో )
 

Figure 5.12 quantifies the effects of third-body efficiency and physical and chemical 

characteristics of H2O and CO2 dilution on the flame speed for a fixed methane/oxygen 

mixture at P=30 atm, T=800K, and φ=1. It demonstrates that as the diluent mole fraction 

increases, the chemical effect becomes less important, and diluent transport properties or 

physical effects become dominant. Many researchers1,43,44 observe that the primary effect 

of carbon dioxide is not on the kinetic or diffusive transport properties, but on the thermal 

properties of the mixture. As shown in the previous section, adding carbon dioxide 

increases the specific heat of the mixture and drops the flame temperature, and thus the 

flame speed.  
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We also investigated the chemical effect of diluents in more detail and determined the 

reactions that play a significant role in controlling the flame speed at the desired operating 

condition. Since at a diluent mole fraction equal to 0.3 (Xdiluent =0.3), the percentage of the 

kinetic and the physical effects of diluents on the flame speed are roughly similar in 

magnitude, further sensitivity analysis is performed at Xdiluent=0.3. 

A sensitivity analysis was performed to identify the important elementary reactions 

affecting flame speed. The built-in function of CHEMKIN Pro23 was used to calculate the 

mass flow rate sensitivity, which is indicative of the sensitivity of flame speed to reaction 

rate constants. This approach has also been used by other researchers to identify the 

reactions controlling flame speed.25,30,53  Figure 5.13 shows the results of the analysis for a 

stoichiometric methane/oxygen/diluent mixture at P=30 atm and inlet T=800 K. The mole 

fraction of the diluents was 0.3. Figure 5.13 illustrates that reaction R2, the main chain-

branching reaction, is the most critical reaction in the prediction of flame speed and 

controls the prediction of the methane flame speed to a great extent. 

R2: H + Oଶ ↔ O + OH 

Figure 5.14 compares the net rate of production of OH radicals by R2 in the presence 

of different diluents. The reaction rate of R2 is highest in the presence of nitrogen and 

lowest in the presence of carbon dioxide. This observation indicates that adding H2O and 

CO2 as diluents, as opposed to N2, inhibits the reaction R2 and decreases the flame speed. 

There are other reactions that affect the flame speed, but to a lesser extent. For example, 

the terminating reaction (R68), which competes for H radicals with the main chain 

branching reaction (R2), exhibits negative sensitivities and slows down the flame speed.    

R68: H + CHଷ(+M) ↔ CHସ(+M)              Nଶ/1.4, HଶO/10.0, COଶ/4.0 
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The third-body efficiency of water vapor is equal to 10.0 ,while the carbon dioxide and 

nitrogen values are 4.0 and 1.4, respectively. Therefore, there is stronger inhibition due to 

the higher third-body efficiency of H2O in R68. However, the inhibiting effect of H2O is 

partially offset by the hydrogen production of R60, where again the third-body efficiency 

of H2O is higher than that of CO2 and N2.   

R60: HCO (+M) ↔ H + CO (+M)         Nଶ/1.5, HଶO/15.0, COଶ/3.0      

Glarborg et al.24 argue that R60, a decomposition reaction for HCO, increases the flame 

speed; however, the reactions of HCO with H, OH, and O2 terminate the radical chains and 

slow down flame propagation. They also indicate that the oxidation of CO by OH (R29) is 

among the reactions controlling the flame speed. This finding is in agreement with other 

studies7,17,41,43,54,26,55–58 that indicate that CO2 actively participates in the reverse of R29, 

which competes with R2 for H radicals and reduces the flame speed.  

R29:  CO + OH ↔  COଶ + H 

 

5.2.5. Summary 

The effects of the diluents N2, CO2, and H2O on the oxidation behavior of methane-

oxygen mixtures at low to moderate reactor inlet temperatures (T=800-1400 K) and high 

pressure (P=30 atm) were studied. The physical and the kinetic effects of the diluents were 

quantified and the following conclusions were reached. At low gas inlet temperature, the 

flame temperature is mainly controlled by the thermal properties of the diluents, and the 

chemical effect of the diluents is almost negligible. The diluents decrease the flame 

temperature in the order of their molar isobaric heat capacities (C୔ (େ୓మ) > C୔ (ୌమ୓) >

 C୔ (୒మ)) with CO2 causing the largest decrease and N2 the smallest.  The physical properties 
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of the diluents also alter the ignition-delay time and the flame speed of the mixture. As the 

heat capacity of the mixture increases, the reaction temperature and the flame speed drop 

and the ignition-delay time increases.  

Adding diluents to a mixture also affects the radical pool and changes the elementary 

reaction rates and pathways. Water vapor addition at low initial temperature (800-900 K) 

promotes methane oxidation and decreases the ignition-delay time. In the absence of water 

vapor, there is more competition between reactions R120, R123, and R118 for methyl-

peroxyl radical (CH3OO) and between R102 and R92 for methoxy radical (CH3O). These 

competitions lead to a slower consumption of methane and a higher ignition-delay time in 

the absence of water vapor.  

Finally, a flow sensitivity analysis was performed to determine the elementary 

reactions which control the flame speed. The main chain-branching reaction (R2) is the 

most critical reaction in controlling the flame speed. In the presence of carbon dioxide, 

there is more competition between reverse R29 and R2 for H radical, which leads to lower 

flame speed.  

Based on these observations, some recommendations can be made for the practical 

implication of CO2 or H2O dilution in an oxy-fuel combustor operating at high pressure 

(P=30 atm), and low inlet temperature (T=800 K). Carbon dioxide delays the ignition, 

slows the combustion reactions, and lowers the temperature rise, compared to the two other 

diluents (N2 and H2O). Therefore, CO2 dilution seems promising in a MILD (moderate or 

intense low oxygen dilution) combustion system where having a delayed oxidation and 

lower reaction temperature is desired. In addition, CO2 dilution increases the ignition-delay 

time, drops the flame temperature, and thus reduces the risk of explosion in gas turbines 
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where there is a concern regarding the autoignition of a gas mixture in the premixed duct. 

However, carbon dioxide leads to the lowest flame speed, as compared to the two other 

diluents, which may have implications for flame stabilization. Since H2O leads to better 

flame stability as compared to CO2, and reduces the ignition-delay time, it may be a good 

option for a downhole heater where faster oxidation initiation and a more stable flame is 

required. These general recommendations are based on validated kinetic model predictions; 

however, more detailed simulations and experimental validation of a particular device or 

application would be required for implementation.  

 

5.3. Section II: Determination of ignition bounds when  

including heat transfer considerations 

5.3.1. Introduction 

In Section I, the walls of the chamber were assumed adiabatic. However, in a downhole 

heater, there is a heat transfer from the chamber to the surroundings. An overall heat 

transfer coefficient of 3.5 W/m2K was calculated in Chapter 3, Section II, and the average 

gas temperature in the outer annulus surrounding the chamber was determined to be 939K.  

The primary objective of this section is to find the temperature and compositional 

ranges that permit ignition of methane-oxygen mixtures in the heater when there are heat 

losses to the surroundings.  

 

5.3.2. Modeling 

The nonadiabatic CHEMKIN calculations are performed for a 1-meter-long chamber 

with hydraulic diameter of 3.3 inches. Two separate models, a plug flow reactor model 
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(PFR) and a perfectly stirred reactor model (PSR), are considered. In the downhole heater, 

a reaction chamber is neither a PFR nor a PSR reactor. However, these two models are 

considered as two limiting cases.  

The volume of the reactor in both models is 5518 cm3. The Glarborg mechanism is 

used for methane oxidation. Please refer to Section I for more detailed information on the 

mechanism.  

The effects of the initial gas temperature and diluent mole fraction on the average 

reactor temperature were evaluated. In Section I, the effects of H2O and CO2 on methane 

oxidation were studied separately. However, in reality, part of the flue gas (mixture of CO2 

and H2O) may be recirculated to the chamber to control the oxidation. Therefore, in this 

section, the diluent is a mixture of 67 mole % CO2 and 33 mole % H2O, which is a 

representative flue gas composition.  

A stoichiometric methane- oxygen mixture at 10 atm was injected to the reactors, and 

the effect of the inlet gas temperature and the dilution by flue gas on the reactor temperature 

was investigated. We seek the optimum conditions in which the average reactor 

temperature reaches the required temperature, 939 K.  In all cases, the inlet CH4 and O2 

molar flowrate was constant. Flue gas, mixtures of CO2 and H2O, was added to the system 

(mole fraction varied from 0-90% flue gas) as a diluent, and the inlet mass flowrate was 

defined correspondingly.  In the PSR model, two of the three parameters (residence time, 

inlet flow rate and the reactor volume) must be defined. We therefore fixed the inlet mass 

flow rate and the PSR reactor volume, which are equal to the inlet flow rate and the reactor 

volume in the PFR model. The heat transfer surface area for both models was 2633 cm2. 

The gas residence times in the PFR model and the PSR model are different because, as 
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shown below, their gas temperatures are different.   

 

5.3.3. Results and discussion 

Figure 5.15 shows the reactor temperature as a function of diluent (flue gas) mole 

fraction, and the inlet gas temperature and reactor type are compared. The curves are 

generated based on data points obtained from separate calculations at a certain initial 

temperature and flue gas mole fraction.  The dashed lines are the PSR temperatures, while 

the solid lines are the average temperatures along the 1-meter PFR.  

In most cases, especially when the inlet temperature is less than 700K, the reactor 

temperatures predicted by the fully-mixed PSR are higher than those for the PFR. 

Consequently, as shown in Figure 5.16, the gas residence time in the PSR is generally less 

than that for the PFR. As a result, the gas in the PSR has less time to transfer heat than in 

the PFR, which can also lead to higher temperatures in the PSR. Note that in both models, 

a consistent external heat transfer coefficient, U = 3.12 W/m2.K, is used since both reactors 

would be exposed to the same external environment. The heat transfer coefficient is 

approximately equal to the heat transfer coefficient calculated in Chapter 3, Section II. 

Figure 5.16 also shows that the PFR is more sensitive to variations in the gas inlet 

temperature than the PSR model. For both models, as the inlet temperature increases, the 

reactor temperature increases, and the residence time drops. The heat transfer calculations 

in Chapter 3 show that the average combustion gas temperature inside the chamber should 

be around 939 K to provide the desired amount of heat to the surrounding oil. At any inlet 

temperature, the PSR model shows that the diluent (flue gas) mole fraction in the gas 

mixture should be at least 0.85 in order for the reactor temperature to reach 939 K, with 
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higher inlet temperatures requiring greater flue gas dilution. However, depending on the 

gas inlet temperature, we can have a diluent mole fraction as low as 0.4 and still reach an 

average reactor temperature of 939 K in a PFR. For example, when the gas inlet 

temperature is 500K, the PFR model shows that 55% dilution is required to reach an 

average temperature of 939 K inside the chamber. In reality, the downhole heater is neither 

a PFR nor a PSR reactor. The actual operation will be between these two limiting cases.  

Since the length to diameter ratio of the reactor is 12 (L/D >10), the PFR model would 

generally be considered a more reasonable approximation; thus, we would anticipate that 

actual downhole heater operation will tend more towards the PFR model predictions than 

the PSR predictions. 
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Figure 5.1: Ignition-delay  time of methane-air mixtures at P=9 atm and 𝜑=0.6, 
comparison between the experimental data and predictions using different chemical 

mechanisms. Symbols are experimental data from V.G. McDonell et al29. 
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Figure 5.2: Flame speed validation, a) Comparison between experimental data38 and the 
Glarborg mechanism24, for a methane - air mixture, P=1 atm, 𝜑=1.22.  b) Comparison 
between experimental data28,38 and the Glarborg mechanism24, for a stoichiometric 

methane - air mixture. Symbols are the experimental data  
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Figure 5.3: Adiabatic temperature vs. gas initial temperature, quantifying the physical and 
chemical effects of the diluents 
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Figure 5.4: Comparison of ignition-delay time of a methane/oxygen mixture diluted with 
different diluents (21% O2+79% diluent), P=30 atm, 𝜑=1 
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Figure 5.5: Temperature sensitivity to the pre-exponential factors of elementary reaction 
rates during the ignition of methane/oxygen mixture diluted with several species. Initial 

T=800 K, P=30 atm, 𝜑=1 

 

 

 

 

Figure 5.6: Comparison of the rate of consumption of CH3OO radical in the presence and 
absence of water vapor by R118 and 123 (initial T=800 K, P=30 atm, 𝜑=1, diluent mole 

fraction=0.79) 
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Figure 5.7: Comparison of the rate of production of CH3O radical in the presence and 

absence of water vapor by R92. (initial T=800 K, P=30 atm, 𝜑=1, diluent mole 
fraction=0.79) 
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Figure 5.8: Comparison of the rate of production of H2O2 radical in the presence and 

absence of water vapor by R23 (initial T=800 K, P=30 atm, 𝜑=1, diluent mole 
fraction=0.79) 
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Figure 5.9: Effect of pressure and diluent mole fraction on the ignition-delay time of 
CH4/O2/diluent mixture, inlet T=800 K, 𝜑=1 
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Figure 5.10: Effect of water vapor on the ignition-delay time of CH4/oxidizer mixtures, 
(oxidizer consists of 21 mole % O2 and 79 mole % diluent), inlet T=800 K, 𝜑=1 
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Figure 5.11: Comparison of the effect of different diluents on flame speed for a 
methane/oxygen mixture, P=30 atm, inlet T=800 K, 𝜑 = 1 
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Figure 5.12: Effects of third-body efficiency, physical and chemical properties of H2O 
and CO2 on flame speed for a methane/oxygen mixture. P=30 atm, inlet T=800 K, 𝜑=1 
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Figure 5.13: Flow sensitivity for methane/oxygen mixture at P=30 atm, inlet T=800 K, 
𝜑=1, Xdiluent=0.3 
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Figure 5.14: Comparison of rate of production of OH radical from reaction R2 for 
different diluents at P=30 atm, inlet T=800 K, 𝜑=1, Xdiluent=0.3 
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Figure 5.15: Reactor temperature as a function of the diluent mole fraction and gas inlet 
temperature for PFR and PSR models at 10 atm 
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Figure 5.16: Residence time as a function of the diluent mole fraction and gas inlet 
temperature; comparison of PFR and PSR models at 10 atm 
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Table 5.1: List of elementary reactions during the ignition of methane/oxygen mixture, 
initial T=800 K, P=30 atm, 𝜑=1 

R120: H3OO+CH4<=>CH3OOH+CH3  

R118: CH3OO+HO2<=>CH3OOH+O2  

R123:CH3OO+CH2O<=>CH3OOH+HCO  

R102: CH3O+CH4<=>CH3OH+CH3  

R92: CH3O(+M)<=>CH2O+H(+M)  

R47: CH4+OH<=>CH3+H2O  

R25: H2O2(+M)<=>2OH(+M)        H2O/12    AR/ 0.64     He/ 2.5 

R23: 2HO2<=>H2O2+O2  

R48: CH4+HO2<=>CH3+H2O2  

R23: 2HO2<=>H2O2+O2  

R127: 2CH3OO<=>2CH3O+O2  

R128: 2CH3OO<=>CH3OH+CH2O+O2  

 

 



CHAPTER 6 

 

SUMMARY AND CONCLUSION 

 

 6.1. Overview 

This chapter includes a brief introduction, key conclusions, and recommendations for 

future work. 

 

 6.2. Introduction 

The primary objective of this project was to develop a downhole heater to raise oil shale 

to a specified temperature in situ, and to recover energy-rich liquids and gas. The project 

had two main phases.  Phase I was a preliminary study investigating several different 

burner concepts for generating heat at great depth and over significant horizontal lengths. 

That preliminary study included engineering calculations to examine overall energy 

balances, heat transfer, and pressure drop considerations. Then, two burner concepts, 

homogeneous oxidation and catalytic oxidation, were investigated. In Phase II, a unique 

configuration of a downhole heater was proposed which eliminates some of the issues 

regarding previously-considered configurations. The feasibility and applicability of the 

proposed heater have been investigated by looking at key issues that have not been 

completely addressed in the literature by other researchers. The issues addressed in Phase 

II were:  
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1- Do some of the inexpensive and widely-available metals have reasonable catalytic 

activity and durability such that they can be considered as a catalyst for methane 

oxidation in our application? 

2- How to design the fuel/oxidizer nozzles along the length of 2000 ft of the heater so 

that the fuel/oxidizer distribution, and thus heat release, remains uniform.  

3- How does nozzle orientation and position in the heater affect the fuel and oxidizer 

mixing behavior?  

4- How does the presence of exhaust gas in the heater affect the oxidation behavior? 

5- How do the chemical and thermodynamic properties of diluents, CO2, N2, and H2O, 

affect the ignition delay time of methane? 

6- Which specific reactions inhibit or promote methane oxidation in the presence of 

diluents? 

 

 6.3. Summary and conclusions 

The dissertation consists of six chapters: (1) Introduction, (2) Literature review, (3) 

Engineering calculations, (4) Experimental work, (5) Modeling and reaction analysis, and 

(6) Summary and future work.  

Chapter 1 introduces the project. It includes the motivations and objectives, as well as 

a brief summary.  

Chapter 2 is the literature review. It consists of two sections. The focus of Section I is 

to review the combustion behavior of natural gas and oxygen mixtures at high pressures 

and low initial temperatures (P~10-30 atm and T~ 700-1000 K). The effects of pressure, 

temperature, and diluent concentration on flammability, ignition, and stability were also 
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summarized.  

The literature shows that both temperature and pressure have a notable effect on 

flammability limits, such that it is not possible to use flammability data at ambient 

conditions for heater calculations. It is also shown that pressure has a more significant 

effect on UFL than LFL.  

Research shows that although the presence of higher hydrocarbons and hydrogen can 

accelerate methane ignition at high initial temperatures (1200-2000 K), it doesn’t have any 

significant effect on methane ignition at lower initial temperatures (T~800K). Please note 

that those studies were done mostly at high pressure (P~20 atm), and the effect of pressure 

was also considered in the results. The conclusion is that there would be a minor effect of 

higher hydrocarbons and hydrogen on ignition properties of methane at the desired 

operating conditions.  

There are several factors, such as pressure, nozzle diameter, gas exit velocity, O2 

concentration, and flue gas species concentration, that affect flame stability. The data show 

that the presence of flue gas species such as CO2 decrease flame stability. On the other 

hand, increasing the pressure or O2 concentration helps to improve flame stability.  

Section II focuses on finding suitable catalyst for methane oxidation. Methane 

oxidation catalysts are divided into two categories, noble metal catalysts and transition 

metal catalysts.  Fast Engineering Ltd. has claimed1 that they developed a transition-metal-

type catalyst for hydrocarbon oxidation that worked for 4-5 years at temperatures in the 

range of 1300–1600 K. This catalyst consists of an alumina carrier coated with nickel 

oxide, NiO. Some specifications of this catalyst are provided in Chapter 4. No additional 

information has been found for this catalyst to date.  
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Chapter 3 summarizes preliminary engineering calculations to support the design of a 

new heater configuration. It consists of two sections. In Section I, calculations were 

performed to determine appropriate sizes for feeder pipes and nozzles, as well as the 

pressure distributions in different sections of the heater. The main objective of Section I 

was to design a system so that a uniform flow distribution is maintained along the 2000 ft 

of the heater. Two different cases were considered:  

Case 1: the fuel and oxidant pipe sizes are constant, and the hole sizes change  

Case 2: the hole sizes are constant, and the fuel and oxidant pipe sizes change 

In both cases, the gas inlet temperature and pressure in the feeder pipes were 900 K and 

10 atm. It was assumed that there was no reaction occurring in the chamber and that the 

gas properties were constant along the system. 

Three different approaches were evaluated in Case 1. In the first two approaches, it was 

assumed that the gases were injected into a chamber, which had a constant pressure. In the 

third approach, the axial pressure distribution in the chamber was also taken into account. 

In Case 2, it was assumed the hole diameters and the hole spacing were constant and 

uniform along the length of the pipe. The cross-sectional area of the feeder pipe changes 

along the length of the system. Note that all the calculations were based on the assumption 

that the fuel was pure methane and the oxidizer was pure oxygen. However, in the 

downhole heater, natural gas probably will be used as the fuel, and there may be some 

diluents such as N2, CO2, or H2O present in the O2 stream in the oxidizer pipe. Thus, the 

results may change based on the gas composition and properties. In Section II, overall 

energy balance and heat transfer calculations were used to determine the overall heat 

transfer coefficient in the heater and the required gas mixture temperature to meet design 
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specifications. The results of this chapter were the inputs for future calculations. The 

average overall heat transfer coefficients of the outer annulus and the reaction chamber 

were estimated as 15 W/(m2. K) and 3.5 W/(m2. K), respectively. The average flue gas 

temperature was determined to be equal to 939 K. This temperature is the average gas 

temperature that has to be reached inside the heater so that the temperature of the 

surrounding oil is maintained at 650 K.  

Chapter 4 is a summary of experimental work performed during this project. It consists 

of two sections. In Section I, experimental and CHEMKIN2 modeling studies were 

performed to investigate the catalytic activity of metals and catalysts that could potentially 

be used in heater construction and operation. Both experimental and modeling results show 

that the observed methane oxidation over stainless steels and Hastelloy-X can be explained 

by homogeneous oxidation rather than by any catalytic effect of these materials. On the 

other hand, Pd-coated alumina catalyst promoted complete methane oxidation at 

temperatures as low as 600 K. In addition, CHEMKIN was used to model the methane 

oxidation experiments performed by Western Research Institute (WRI)3 in previous 

research for AMSO. These results demonstrated that the WRI experimental data can also 

be explained by homogenous methane oxidation. Thus, our conclusion is that typical 

metals that would be used in heater construction do not provide any appreciable catalytic 

benefit relative to homogeneous (noncatalytic) methane oxidation for the conditions 

studied (Initial T~ 500-1100 K).  

Section II summarizes a cold-flow experimental study of the new heater configuration. 

A cold-flow study was performed to investigate the effect of nozzle spacing and orientation 

on the mixing behavior inside the heater. Three cases were studied. In Cases 1 and 2, the 
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holes on the feeder pipes were delivering gases in adjacent or different axial locations, 

respectively, but had the same circumferential orientation. In Case 3, the holes were at the 

same axial position but were directed away from each other. In Cases 1 and 3, the nozzles 

were 25 cm from the gas inlet, and in Case 2, the position of one nozzle was 25 cm, and 

the other was 50 cm, from the gas inlet. The gas compositions at different locations inside 

the chamber were measured with a micro GC.  The results showed that in Cases 1 and 2, 

the two streams were well mixed in the mixing chamber. In Case 3, there were two distinct 

regions, a volume where the concentration of CO2 was high (N2 is low) and a second where 

the concentration of N2 was high.  The conclusion is that the radial orientations of the 

nozzles had a more significant role in the mixing behavior than the axial positions of the 

nozzles. Case 3, where the circumferential positions of the nozzles were different, showed 

less mixing than Cases 1 and 2.  

Chapter 5 consists of the modeling studies and reaction analysis using CHEMKIN. This 

chapter has two sections. In Section I, the effects of the diluents N2, CO2, and H2O on the 

oxidation behavior of methane-oxygen mixtures at low-to-moderate reactor inlet 

temperatures (T=800-1400 K) and high pressure (P=30 atm) were studied. The physical 

and kinetic effects of the diluents were quantified and the following conclusions were 

reached.  

At low gas inlet temperatures, the flame temperature was mainly controlled by the 

thermal properties of the diluents, and the chemical effect of the diluents was almost 

negligible. The diluents decreased the flame temperature in the order of their molar isobaric 

heat capacities (C୔ (େ୓మ) > C୔ (ୌమ୓) >  C୔ (୒మ)), with CO2 causing the largest decrease and 

N2 the smallest.  The physical properties of the diluents also alter the ignition delay time 



179 
 

 
 

and the flame speed of the mixture. As the heat capacity of the mixture increases, the 

reaction temperature and the flame speed drop, while the ignition delay time increases. 

Adding diluents to a mixture also affects the radical pool and changes the elementary 

reaction rates and pathways. Water vapor addition at a low initial temperature (800-900 K) 

promotes methane oxidation and decreases the ignition delay time.  

Note that in Section I, it was assumed that the reactor was adiabatic. However, in a 

downhole heater, there would be heat transfer from the reaction chamber to the 

surroundings, and this issue was addressed in Section II. In Section II, CHEMKIN 

calculations were performed for a 1-meter section of the reaction chamber using non-

adiabatic boundary conditions. Two separate models, a plug flow reactor model (PFR) and 

a perfectly-stirred reactor model (PSR), were considered. The calculation was performed 

for fuel/oxidizer mixtures with varying levels of dilution (0 to 90 mole %) over a range of 

initial temperatures (300-900 K) to determine the bounds of homogeneous ignition. A 

mixture of 67 mole % CO2 and 33 mole % H2O was defined as a diluent. The heat transfer 

calculations in Chapter 3 show that the average combustion gas temperature inside the 

chamber should be around 939 K to provide the desired amount of heat to the surrounding 

oil. Results showed that at any inlet temperature, with the PSR model, the diluent (flue gas) 

mole fraction in the gas mixture should be at least 0.85 in order for the reactor temperature 

to reach 939 K, with higher inlet temperatures requiring greater flue gas dilution. However, 

depending on the gas inlet temperature, we can have a diluent mole fraction as low as 0.4 

and still reach an average reactor temperature of 939 K in a PFR.  In reality, the downhole 

heater is neither a PFR nor a PSR reactor. Since the length-to-diameter ratio of the reactor 

is 12 (L/D >10), the PFR model would generally be considered a more reasonable 
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approximation; thus, the actual downhole heater operation will tend more towards the PFR 

model predictions than the PSR predictions. 

 

 6.4. Recommendations for future work 

Some recommendations for future work are listed below: 

1- In the cold-flow experiment, a 1-meter section of the reaction chamber was 

considered. The experimental setup consisted of two PVC pipes inside an acrylic 

tube. There was a hole on each PVC pipe serving as a nozzle to inject the gas into 

the chamber. A longer section of the heater with more holes on each feeder pipe is 

recommended. This configuration will aid in understanding the effect of the 

presence of adjacent holes on flow distributions on each feeder pipe, and will allow 

investigation of the effect of nozzle spacing on gas mixing behavior.  

2- In Chapter 4, the gas mixing experiment was conducted at room temperature and 

atmospheric pressure with CO2 and N2. Experimental tests are needed at realistic 

temperature and pressures with natural gas and oxygen as the fuel and oxidizer.  

3- In Chapter 5, the effect of diluents on oxidation behavior of methane/oxygen 

mixtures was investigated using CHEMKIN. However, in the actual heater, natural 

gas will be used as the fuel. For future work, natural gas/oxygen mixtures should 

be studied to investigate the effect of higher hydrocarbons and hydrogen on the 

oxidation behavior.  

4- Although many experimental studies have been conducted on the effect of diluents, 

especially CO2, on methane oxidation behavior, there is still little experimental data 

available on the effect of diluents at low-to-moderate initial temperatures (T=800-
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1100 K) and high pressure, with diluent mole fractions greater than 30 %. 

Experiments are needed to study the effect of diluents, such as carbon dioxide, 

water vapor, or even a mixture of these two as a representation of flue gas, at the 

above-mentioned conditions.  

5-  Pilot-scale tests are needed at operating conditions of the downhole heater (P~10-

30atm, inlet T~400-800K), with natural gas/oxygen/diluent mixtures. 
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(3) Western Research Institude. American Shale Oil Catalytic Material Tests (Private R 
eport); Laramie, WY, 2009. 

 

 

 

 

 

 

 

 



 
 

APPENDIX A 

 

CHEMKIN CALCULATION TO FIND GAS PROPERTIES  

 

The diagram view and all the steps of CHEMKIN calculation are shown in Figures A.1 

to A.7. O2, CH4, and CO2 streams are mixed in a physical mixer and then injected into the 

plug flow reactor.1 The summary of the model, reactor information, operating, and flow 

conditions are listed in Table A.1. 

 

Table A. 1: Model summary and the boundary conditions 

Reaction mechanism 
Glarborg mechanism  

(Low T, high P oxidation) 

Operating condition of mixer T=800K, P=10 bar 

Operating condition of the plug flow 

reactor 
T=800K, P=10 bar 

Dimension of the plug flow reactor D=3.3 in, L=1m 

Heat flux through the wall of the reactor 0.022 kJ/cm.s 

CH4 inlet condition 0.00467 𝑚̇ = 7.48 ∗ 10ିହ  
𝑘𝑔

𝑠
, 𝑇 = 800𝐾 

O2 inlet condition 0.0094 𝑚̇ = 2.99 ∗ 10ିସ  
𝑘𝑔

𝑠
, 𝑇 = 800𝐾 

CO2 inlet condition 0.014 𝑚̇ = 6.17 ∗ 10ିସ  
𝑘𝑔

𝑠
, 𝑇 = 800𝐾 
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Figure A.1: CHEMKIN calculation, Diagram view 
 

 

Figure A.2: CHEMKIN calculation, Glarborg oxidation chemistry 
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Figure A.3: CHEMKIN calculation, mixer operating condition 
 

 

Figure A.4: CHEMKIN calculation, CH4 stream flowrate 
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Figure A.5: CHEMKIN calculation, O2 stream flowrate 

 

 

Figure A.6: CHEMKIN calculation, CO2 stream flowrate 
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Figure A.7: CHEMKIN calculation, plug flow model 
 

 

 



APPENDIX B 

 

DETERMINING THE EXHAUST GAS INITIAL PROPERTIES 

 

The Aspen Hysys modeling is performed to determine the initial values for the exhaust 

gas properties.2 Figure B.1 to Figure B.5 show the steps of the calculation. 

 

 

Figure B.1: Aspen HYSYS, Fluid Package Selection, SRK equation of state 
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Figure B.2: Aspen HYSYS, Gas condition input 
 

 

Figure B.3: Aspen HYSYS, gas composition input 
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Figure B.4: Aspen Hysys, Gas properties output 1 
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Figure B.5: Aspen HYSYS, Gas properties output 2 
 

 

 



APPENDIX C 

 

DETERMINING THE EXHAUST GAS FINAL PROPERTIES  

 

The Aspen Hysys modeling is performed to determine the final values for the exhaust 

gas properties. Figure C.1 to Figure C.4 show the steps of the calculation. 

 

Figure C.1: Aspen HYSYS, gas condition input 
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Figure C.2: Aspen HYSYS, gas composition input 

 

 
Figure C.3: Aspen HYSYS, Gas properties output 1 
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Figure C.4: Aspen HYSYS, Gas properties output 2 

 

 



APPENDIX D 

 

DETERMINING THE PROPERTIES OF THE BOILING OIL 

 

Physical properties of the oil are calculated with Aspen HYSYS V8.8.2,3 The 

temperature of the oil is assumed to be 650K. The formation pressure increases with depth 

and is estimated according to the hydrostatic pressure gradient, which is approximately 

0.465(psi/ft).  

𝑃௙௢௥௠௔௧௜௢௡ = 0.465 ൬
𝑃𝑠𝑖

𝑓𝑡
൰ ∗ 2000 (𝑓𝑡) = 930 𝑝𝑠𝑖 

Please note that formation pressure in impermeable rocks such as shale is higher. Since 

the real data of formation pressure for AMSO's wells bores are not available, 930 psi is 

considered as the reservoir pressure. The VLE calculation is performed with PVTsim 

software on the heavy crude oil composition. Table D.1 shows the approximate 

composition of the heavy crude oil. The C10+ Specific Gravity and molar weight are 

assumed to be 0.875 and 240 gr/mole. Figure D.1 is the approximate PT diagram of the oil. 

Figure D.2 to Figure D.4 show the steps of the Hysys modeling.  
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Table D.1: Approximate composition of the heavy crude oil 

Components Mole (%) Mole fraction 

N2 0.103 0.00103 

CO2 0.528 0.00528 

C1 39.200 0.392 

C2 5.018 0.05018 

C3 2.804 0.02804 

iC4 0.641 0.00641 

nC4 1.107 0.01107 

iC5 0.507 0.00507 

nC5 0.538 0.00538 

nC6 0.766 0.00766 

nC7 4.790 0.0479 

nC8 4.645 0.04645 

nC9 4.076 0.04076 

C10+ 35.277 0.35277 
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 Figure D.1: Approximate PT diagram of the oil 
 

 

Figure D.2: Aspen HYSYS calculation, property package selection 
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Figure D.3: Aspen HYSYS calculation, oil conditions 
 

 

Figure D.4: Aspen HYSYS calculation, oil composition 
 

 



APPENDIX E 

 

DETERMINING THE GAS PHYSICAL PROPERTIES  

 

Physical properties of the oil are calculated with Aspen HYSYS V8.8. Figure E.1 to 

Figure E.6 show the steps of the calculation and the physical properties of the CH4 

properties. Figure E.7 to Figure E.12 show the steps of the calculation and the physical 

properties of O2.  

 

E.1. Determining the CH4 properties 

 

 

Figure E.1: Aspen HYSYS, fluid package selection, SRK equation of state 
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Figure E.2: Aspen HYSYS, gas condition input 
 

 

Figure E.3: Aspen HYSYS, gas composition input 
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Figure E.4: Aspen HYSYS, gas properties outputs, part 1 
 

 

Figure E.5: Aspen HYSYS, gas properties outputs, part 2 
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Figure E.6: Aspen HYSYS, gas properties outputs, part 3 
 

E.2. Determining the O2 properties  

 

 

Figure E.7: Aspen HYSYS, fluid package selection, BWRS equation of state 
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Figure E.8: Aspen HYSYS, gas condition input 
 

 

Figure E.9: Aspen HYSYS, gas composition input 
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Figure E.10: Aspen HYSYS, gas properties output, part 1 
 

 

Figure E.11: Aspen HYSYS, gas properties output, part 2 
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Figure E.12: Aspen HYSYS, gas properties output, part 3 



APPENDIX F 

 

CATALYTIC EXPERIMENTAL STUDY CATALYTIC MATERIALS PROPERTIES 

 

Table F.1: Chemical composition of materials tested as catalyst 

 C Mn Cr Mo Ni Fe Si P S Pd Alumina Others 

SS 304 0.08 2 
18 - 
20 

- 8 - 10.5 Balance 1 0.45 0.03 - - - 

SS 316 0.08 2 
16 - 
18 

2 - 
3 

10 - 14 Balance 1 0.45 0.03 - - - 

SS 410 0.15 1 
11.5 - 
13.5 

- - Balance 1 0.45 0.03 - - - 

SS 420 0.15 1 
12 - 
14 

- - Balance 1 0.4 0.03 - - - 

Hastelloy 
X 

0.1 
1 

max 
22 9 Balance 18 

1 
max 

- - - - 

Co = 1.5 
W = 0.6 

B = 0.008 
max 

Pd 
coated 

Alumina 
- - - - - - - - - 0.5 Balance  

 
Table F.2: Properties of Pd coated Alumina catalyst 

Particle size/shape 2-4 mm / Beads 

Sock-load density 750 kg/m3 

Max. Temperature 600 ºC 

Surface area 250 - 300 m2/g 

Price $ 250/ 500gr 
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Figure F.1: Experimental results of blank test1 
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Figure F.2: Experimental results of blank test2 
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Figure F.3: Experimental results of blank test3 
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Figure F.4: Experimental results of methane oxidation on 9.5cm bed of ceramic balls 
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Figure F.5: Experimental results of methane oxidation on 9.5cm bed of 316SS 
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Figure F.6: Experimental results of methane oxidation on 9.5cm bed of 304SS 
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Figure F.7: Experimental results of methane oxidation on 9.5cm bed of 410SS 
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 Figure F.8: Experimental results of methane oxidation on 9.5cm bed of 420SS 
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Figure F.9: Experimental results of methane oxidation on 9.5cm bed of Hastelloy-X 
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Figure F.10: Experimental results of methane oxidation on 9.5cm bed of Pd coated 

alumina beads 
 

 

Figure F.11: Experimental results of methane oxidation on 1.3cm bed of Pd coated 
alumina beads 
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Figure F.12: Experimental results of methane oxidation on 0.3cm bed of Pd coated 
alumina beads 

 

F.1. CHEMKIN modeling 

Four different mechanisms were used in CHEMKIN to model methane oxidation based 

on the UofU and the WRI experimental conditions. Table F.3 shows a basic compression 

between the mechanisms.  

Table F.3: different models used to predict the methane combustion4–7 

Model 
Number of 
reactions 

Number of 
species 

Year Developers 

GRI- Mech 3.0 325 53 2000 Frenklach, et al. 

WF 527 99 1997 Frenklach, et al. 

ABF 543 101 2000 Frenklach, et al. 

CRECK 13532 435 2012 Ranzi, et al. 

 

F.2. GRI mechanism6 

GRI-Mech is a mechanism designed to model natural gas combustion, including NO 

formation and reburn chemistry. The model is a product of computational and experimental 
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research sponsored by the Gas Research Institute and carried out at The University of 

California at Berkeley, Stanford University, The University of Texas at Austin, and SRI 

International. 

GRI-Mech is a compilation of elementary chemical reactions and associated rate 

constant expressions. Most of the rate constant parameters have been obtained with direct 

laboratory measurements. All reactions are assumed reversible even though negligible 

reversible reactions occur in many of them.  An optimization process is used to obtain 

kinetics which have reasonable predictability of basic combustion properties. Some details 

of the optimization procedure are provided in reference 6. 

GRI-Mech 3.0 is the successor to version 2.11. The changes include adding 4 species, 

recomputing the methanol decomposition / chemical activation, adding Acetaldehyde and 

Vinoxy chemistry to better describe ethylene oxidation, adding a minimal set of propane 

kinetics to model the propane and higher hydrocarbons in natural gas as minor constituents, 

and adding new expressions for the H + O2 reactions, CH3 + O2, CH2O + H, and CH2O 

decomposition, and to CH3 + O and CH2 + O2 branching paths,  

GRI-Mech contains some species and reactions which are not important for natural gas 

combustion kinetic. However, they could be important in other cases such as modeling 

flame radiation or ionization where elementary reactions becoming very important.  

 

F.3. WF and ABF mechanisms4,5 

The WF reaction mechanism was developed by Wang and Frenklach in 19975 to use 

for oxidation of methane, ethane, ethylene, and acetylene at flame temperatures. It is based 

on GRI-Mech1.2. Aromatic chemistry is included up to the formation of pyrene in this 
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mechanism. The WF mechanism predicts well the major, minor, and small-aromatic 

species but underpredicts two-, three-, and four-ring aromatics. So, the ABF mechanism is 

developed to address these issues. It includes modifications of gas-phase reactions and 

aromatic species which make the ABF mechanism predict well the major, minor, and 

aromatic species up to pyrene in laminar premixed flames of ethane, ethylene, and 

acetylene fuels.  

 

F.4. CRECK model7 

The Chemical Reaction Engineering and Chemical Kinetics (CRECK) group are 

developing detailed and semidetailed kinetic mechanisms of the pyrolysis, oxidation, and 

combustion of gas, liquid, and solids.  One of these mechanisms is the CRECK Complete 

Mechanism: Low and High temperature which contains wide range mechanism of 

pyrolysis, partial oxidation, and combustion of hydrocarbon fuels, up to 16 C atoms, 

including alcohols, esters, and reference components of surrogates of real fuels. CRECK 

is continuously updating and the last version was released on Nov 2013; however, the 

present results are based on 2012 version.   

Figures F.13 to F.17 show the implementation of the ABF mechanism in CHEMKIN 

to model homogenous oxidation of methane at furnace set point equal to 550 ⁰C. Figures 

F.18 to F.20 shows the comparison of CHEMKIN results with different mechanisms and 

the UofU experimental data. 
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F.5. CHEMKIN modeling procedure for homogenous  

oxidation of methane at furnace set point  

equal to 550⁰C 

 

Figure F.13: CHEMKIN capture: Diagram View 
 
 

 
Figure F.14: CHEMKIN capture: Pre-Processing  
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Figure F.15: CHEMKIN capture: Steam Property 
 

 
Figure F.16: CHEMKIN capture: Species Specific Properties 

 

Figure F.17: CHEMKIN capture: Inlet 
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Figure F.18: Comparison of CHEMKIN modeling prediction based on four different 
mechanisms and the UofU experimental data, CH4 and CO2 mole fraction 
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Figure F.19:  Comparison of CHEMKIN modeling prediction based on four different 
mechanisms and the UofU experimental data, CO and C2H4 mole fraction 
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Figure F.20: Comparison of CHEMKIN modeling prediction based on four different 
mechanisms and the UofU experimental data, C2H6 and H2 mole fraction 

 

Figure F.18 illustrates that the modeling results are in good agreement with the 

experimental data. All the mechanisms are showing similar prediction for methane 
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GRI-Mech is predicting light-off temperatures which are nearer to the experimental results. 

CH4 and CO concentrations predicted by GRI- Mech are also in better agreement with the 

experimental data. For CO2 concentration, all mechanisms predict pretty similar results. 

CRECK, ABF, and WF mechanisms have better prediction for H2, C2H4, and C2H6 

concentration than GRI-Mech.   

 

F.6. CHEMKIN results based on WRI experimental conditions 

Some of the experimental data obtained by Western Research Institute (WRI)8 were 

modeled with CHEMKIN. Two different assumptions were used to model the WRI 

experimental data. At first, it was assumed that the reactor temperature was fixed and equal 

to the average bed temperature reported by WRI. In a second approach, we assumed a 

temperature profile that was based on the average bed temperature reported by WRI and 

the trend of temperature profile observed by the University of Utah. Transport, 

thermodynamic, and kinetic data were obtained from the GRI-Mech 3.0, WF, and ABF 

mechanism at first. Figures F.21 to F.24 show the modeling results.   
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F.7. Comparison of experimental data and CHEMKIN 

prediction of methane conversion at bed  

average temperature: 420 ⁰C  

 

Table F.4: WRI experimental result, Material: 316SS, Average bed temperature: 420 ⁰C 

Test 

number 

Disc 

material 

Control 

temperature  

( ⁰C) 

Disc 

average 

temperature  

( ⁰C) 

Nominal 

flow 

(SLPM) 

Inlet gas 

composition 

Reactor 

pressure 

(Psig) 

Pressure 

drop 

(psid) 

Methane 

conversion 

(%) 

1 316 SS 475 420 2 

9.95% O2 

89.55% N2 

0.49% CH4 

140 9.0 3.9 

 

 

Figure F.21: Methane conversion predicted by CHEMKIN based on WF, ABF, and GRI-
Mech3.0 mechanisms (bed average temperature: 420 ⁰C) 
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F.8. Comparison of experimental data and CHEMKIN 

prediction of methane conversion at bed  

average temperature: 450 ⁰C  

 

 Table F.5: WRI experimental result, Material: 304SS, Average bed temperature: 450 ⁰C 

Test 

number 

Disc 

material 

Control 

temperature  

(⁰C) 

Disc average 

temperature   

(⁰C) 

Nominal 

flow 

(SLPM) 

Inlet gas 

composition 

Reactor 

pressure 

(Psig) 

Pressure 

drop 

(psid) 

Methane 

conversion 

(%) 

8 304 SS 475 450 1 

9.95% O2 

89.55% N2 

0.49% CH4 

150 < 2.75 11.0 

 

 

Figure F.22: Methane conversion predicted by CHEMKIN based on WF, ABF, and GRI-
Mech3.0 (bed average temperature: 450 ⁰C) 
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F.9. Comparison of experimental data and CHEMKIN  

prediction of methane conversion at bed  

average temperature: 510 ⁰C 

 

Table F.6: WRI experimental result, Material: 316SS, Average bed temperature: 510 ⁰C 

Test 

number 

Disc 

material 

Control 

temperature 

(⁰C) 

Disc 

average 

temperature 

(⁰C) 

Nominal 

flow 

(SLPM) 

Inlet gas 

composition 

Reactor 

pressure 

(Psig) 

Pressure 

drop 

(psid) 

Methane 

conversion 

(%) 

9 304 SS 550 510 2 

9.95% O2 

89.55% N2 

0.49% CH4 

150 <2.75 46.25 

 

 

Figure F.23: Methane conversion predicted by CHEMKIN based on WF, ABF, and GRI-
Mech3.0 (bed average temperature: 510 ⁰C)  
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F.10. Comparison of experimental data and CHEMKIN  

prediction of methane conversion at bed  

average temperature: 625 ⁰C 

 

Table F.7: WRI experimental result, Material: Hastelloy-X, Average bed temperature:650 
⁰C 

Test 

number 

Disc 

material 

Control 

temperature 

(⁰C) 

Disc average 

temperature 

(⁰C) 

Nominal 

flow 

(SLPM) 

Inlet gas 

composition 

Reactor 

pressure 

(Psig) 

Pressure 

drop 

(psid) 

Methane 

conversion 

(%) 

18 
Hastelloy-

X 
650 625 4 

9.95% O2 

89.55% N2 

0.49% CH4 

140 9.5 96.9 

 

 

Figure F.24: Methane conversion predicted by CHEMKIN based on WF, ABF, and GRI-
Mech3.0 (bed average temperature: 625 ⁰C) 
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