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ABSTRACT OF THE DISSERTATION 

 

Hydrodynamics, Mixing, and Mass Transfer in Bubble Columns with Internals 

by 

Mohamed Hamed 

Doctor of Philosophy in Energy, Environmental and Chemical Engineering 

Washington University in St. Louis, 2012 

 

 

Bubble columns and slurry bubble columns are considered reactors of choice for a wide range of 

applications in the chemical, biochemical, and petrochemical industries. Most of the chemical 

applications of bubble columns include exothermic processes and hence they require some means of 

heat removal to maintain a steady process. The most practical means for heat removal in these 

reactors is the utilization of vertical cooling internals since they provide high heat transfer area per 

reactor volume. However, the effects of these internals on the reactor performance are poorly 

understood in the open literature. This causes the design of the internals to be based on empirical 

rules not on the applications of fundamentals. 

 

The main objective of this study is to enhance the understanding of the effects of vertical cooling 

internals on the gas hydrodynamics, gas mixing, and mass transfer.  In addition, this study attempts 

to develop and validate models that can simulate the radial gas velocity profile and axial gas mixing 

in the presence and absence of internals. Finally, this work aims to validate all the observed 

experimental results and models in larger columns with and without internals to have a better 

understanding of the scale-up effects in the presence of internals. This is accomplished by carrying 

out experiments in a lab-scale 8-inch bubble column and a pilot-scale 18-inch bubble column in the 

absence and presence of internals. The studied % occluded area by internals (~ 25%) is chosen to 

match the % occluded area used in the Fischer-Tropsch synthesis. The radial gas velocity profiles are 

measured using the 4-point optical probe and are used to validate the 1-D gas velocity model 

developed by Gupta (2002). Gar tracer techniques are used to study the effect of internals on the 



 

xx 

overall axial gas mixing and mass transfer. A 2-D model, that considers the radial variations of the 

gas velocity and gas holdup, is developed and used to analyze the tracer data allowing the estimation 

of the turbulent diffusivities of the gas phase. The 2-D model along with the axial dispersion 

coefficient model developed by Degaleesan and Dudukovic (1998) are used to determine the 

contribution of different mixing mechanisms to the overall axial gas mixing.  

 

The main findings of the current work can be summarized as follows:  

 

 The effect of internals and column diameter on the gas velocity profile, gas mixing, and mass 

transfer is assessed. The presence of internals causes: 

o An increase in the center-line gas velocity. 

o A significant decrease in axial gas mixing. 

o A decrease in the gas-liquid mass transfer coefficient. 

 The increase in column diameter causes: 

o Enhancement of the gas circulation. 

o An increase in axial gas mixing. 

 The model developed by Gupta (2002) to predict radial gas velocity profiles is validated at 

different operating conditions in the presence and absence of internals. 

 A 2-D convection-diffusion model is developed and proven useful in interpreting gas tracer 

data and simulating the overall axial gas mixing in the presence and absence of internals. 



 

1 

Chapter 1 - Introduction and Objectives 

Bubble columns and slurry bubble columns are multiphase reactors in which gas is 

introduced via a sparger into a liquid or slurry contained in a vertical cylindrical column. 

Usually there are one or more reactants in the gas phase, while products and/or additional 

reactants are in the liquid phase. In slurry bubble columns, solids are typically fine catalyst 

particles. A schematic diagram of a typical slurry bubble column is shown in Figure 1.1. 

Bubble columns offer numerous advantages such as good heat and mass transfer 

characteristics, absence of moving parts and thus reduced wear and tear, ease of operation, 

and low operating and maintenance cost. However, there are considerable issues associated 

with their proper design and scale-up. This is due to the complexity of the flow structure 

inside these reactors and the intense operating conditions needed to achieve high 

productivity. 

 

Three types of flow patterns have been observed in bubble columns: homogeneous (bubbly), 

heterogeneous (churn-turbulent), and slug flow. Researchers have reported the occurrence of 

a slug flow regime only in small diameter columns. Depending on the operating conditions, 

the homogeneous and heterogeneous regimes can be separated by a transition regime. The 

homogeneous flow regime generally occurs at low to moderate superficial gas velocities. It is 

characterized by the presence of uniformly sized small bubbles traveling vertically with 

minor transverse and axial oscillations. There is practically no coalescence and break-up 

between the bubbles, resulting in a narrow bubble size distribution. The gas holdup 

distribution is radially uniform, and the size of the bubbles depends mainly on the nature of 

the gas distribution and the physical properties of the liquid and gas phases. Heterogeneous 

flow occurs at high superficial gas velocities. The formation of larger bubbles traveling at 

high velocities enhances the rate of bubble coalescence and break-up, resulting in a wide 

bubble size distribution and a non-uniform gas holdup profile. This consequently leads to 

bulk gas and liquid circulation, where the large bubbles churn through the liquid in the 

column center, while small bubbles circulate with the liquid in the wall region. 

Homogeneous and heterogeneous flow regimes have entirely different hydrodynamic 

characteristics, which result in different mixing as well as heat and mass transfer rates. In 
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bubble columns applications that require high volumetric productivities, the operation is 

most often in the heterogeneous regime. 

 

Bubble column reactors have been used in the chemical, petrochemical, biochemical, and 

pharmaceutical industries for various processes (Carra and Morbidelli, 1987, Deckwer, 1992, 

and Fan, 1989). Examples of such chemical and petrochemical processes are the partial 

oxidation of ethylene to acetaldehyde, wet-air oxidation (Deckwer, 1992), liquid phase 

methanol synthesis (LPMeOH), Fischer-Tropsch (F-T) synthesis (Wender, 1996), and 

hydrogenation of maleic acid (MAC). In the biochemical industry, bubble columns are used 

for cultivation of bacteria, cultivation of mold fungi, production of single-cell proteins, 

animal cell culture (Lehmann et al., 1978), and treatment of sewage (Diesterweg, 1978). In 

the metallurgical industry, they can be used for leaching of ores.  

1.1 Bubble Columns and the Energy Problem 

The Gas-to-Liquid (GTL) technology is considered one of the most promising solutions to 

the current energy problem. This technology is based on the generation of liquid fuels from 

synthetic gas using the F-T process as follows: 

     →            (1.1) 

The primary reaction, which is highly exothermic, involves contacting a mixture of carbon 

monoxide and hydrogen (syngas) over fine solid catalysts to produce hydrocarbons and 

water. The F-T process typically produces sulfur-free and aromatic-free liquid fuels, and can 

use many different sources to produce syngas, including natural gas, coal, and agricultural 

wastes. Since Franz Fischer and Hans Tropsch invented the original F-T process for GTL 

conversion, many refinements and adjustments have been made. Currently, the abundant 

reserves of coal, the uncommitted reserves of natural gas, and the renewable resources of 

biogas and biomass are the three major syngas sources. Their conversion processes to liquid 

fuels are called CTL (Coal-to-Liquid), GTL, and BTL (Biomass-to-Liquid), respectively. 
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Figure 1.1 - A schematic diagram of a slurry bubble column with internals  

 

 
Bubble columns are considered the reactors of choice for the F-T process. In the last 30 

years, there have been major accomplishments in expanding the operation of the F-T 

process to a commercial scale by different companies like Sasol, PetroSA, and Shell. 

However, there are still considerable reactor design and scale-up issues associated with such 

energy conversion processes in bubble columns. The successful commercialization of bubble 

column reactors is crucially dependent on the proper understanding of their hydrodynamics 

and scale-up principles. 

1.2 Internals for Heat Removal 

Most applications of bubble columns, as shown in Table 1.1, include exothermic chemical 

reactions which require some means of heat removal in order to maintain a steady process. 

                 

 

 

 

 

 

 

Gaseous products/ 
unconverted 
reactants 

Steam 

Cooling 
water 

Liquid 
reactants 

Liquid 
products 

Gaseous 
reactants 

 

Fine 
catalyst 
particles 



 

4 

In some bubble column applications like F-T synthesis, it is essential to control the 

temperature profile within the column since it significantly affects reaction selectivity. In 

addition, maintaining a rather uniform temperature distribution is crucial to prevent over-

heating of the catalyst. These are considered central issues in the design and safe operation 

of commercial-scale slurry bubble column reactors. These considerations become more 

critical for highly exothermic processes such as the F-T synthesis.  

 
Table 1.1 - Applications of Bubble Columns 

Products Feed ∆Hr,  kJ/mol Temperature, °C 

Acetaldehyde Ethylene, Oxygen -243.00 120-130 

Acetone Propene, Oxygen -255.00 110-120 

Ethyl Benzene Benzene, ethylene -113.00 125-140 

Benzoic Acid Toluene, Air (or Oxygen) -628.00 110-120 

n-, iso-butyraldehyde Propene, Hydrogen, Oxygen 0.80 90-120 

Cumene Benzene, Propene -113.00 35-70 

Cyclohexane Benzene, Hydrogen -214.00 200-225 

Cyclohexanol, Cyclohexanone Cyclohexane, Air -294.00 125-165 

1,2 - Dichloroethane Ethylene, Chlorine, Oxygen -239.00 170-185 

Acetic Acid Acetaldehyde, Oxygen -294.00 50-70 

Acetic Acid, Methyl ethyl ketone n-Butane, Air -1270.00 180.00 

Vinyl Acetate Ethylene, Ethyl Acid, Oxygen -176.00 110-130 

Wet air oxidation of sewage 
sludge 

Sewage sludge, air -435.00 200-300 

Fischer-Tropsch synthesis Hydrogen, Carbon Monoxide -210.00 250-290 

Methanol synthesis Hydrogen, Carbon Monoxide -91.00 220-270 

 
Different methods can be used for heat removal in bubble columns, including direct heat 

transfer, indirect heat transfer through the reactor wall or cooling internal installations, and 

indirect heat transfer through an external heat exchanger (Steiff and Weinspach, 1978). 

Cooling internals provide a practical means for heat removal in slurry bubble columns, since 

they eliminate the need to use external heat exchangers or expensive slurry pumps.  

 

Generally, bubble column reactors can be equipped with two types of internals: horizontal 

internals, such as perforated plates (trays) or horizontal tube bundles, and vertical internals. 

Horizontal internals are usually used to control the flow behavior to achieve higher 

productivities, since their insertion reduces the overall liquid back-mixing (Westerterpet al, 

1987, Mashelkar, 1970, Palaskar et. al., 2000, Nosier, 2003, and Alvaré and Al-Dahhan, 

2006). In addition, the presence of horizontal internals increases mass transfer (Kawasaki, 
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1994) due to the decrease in the average bubble size caused by enhanced bubble break-up. 

Vertical internals are preferred as means of heat removal because they provide higher heat 

transfer area per reactor volume.  

 
Unfortunately, the design of vertical internals is still based on strictly protected proprietary 

know-how which embodies empirical rules, not on application of fundamentals. To date, no 

systematic method has been reported which dictates how to choose different parameters 

involved in designing vertical heat internals in bubble columns. Despite the lack of 

systematic studies on internals, some guidelines regarding their design can be extracted from 

the pieces of information currently available in the literature. In what follows, these 

guidelines will be summarized. The design of internals requires the choice of three main 

parameters: 

1. Tube diameter. 

2. Tube configuration (including geometrical configuration, pitch, and inter-tube gap). 

3. The ratio of occluded cross-sectional area (CSA) by internals (total CSA of 

internals/CSA of reactor).  

Generally, the tube diameter and the number of tubes are determined by an iterative 

procedure to optimize the conversion and selectivity of the desired process. Typically, 

commercial F-T bubble columns have tubes which are 3-5 inches in diameter (Hawthorne et 

al., 2006). The choice of the number of tubes and tube diameter is usually governed by: 

 The exothermicity of the process, which determines the rate of heat generation. 

 The desired volumetric productivity. 

 The heat transfer characteristics of the process (overall heat transfer coefficient), 

which dictates the needed surface area. 

 The reactor diameter. 

 The percentage covered CSA with internals, which should be chosen based on the 

required hydrodynamic, mixing, and thermal characteristics of the flow. 

 

Based on the experimental data in the available literature, the geometric configuration of 

internals does not seem to affect the gas holdup. Yamashita (1987) and Youssef (2010) 

showed that the overall gas holdup was not affected by the geometric configurations of 

internals for bubble columns operating in the churn turbulent regime. In addition, Youssef 
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(2010) showed that the percentage occluded CSA by internals is the major parameter that 

characterizes the internals’ effect, and he claimed that, for a fixed percentage of occluded 

CSA by internals, the choice of the geometrical configuration is a matter of convenience, as 

long as internals are evenly distributed across the column cross section. 

 

The knowledge of the effect of the occluded CSA by internals is crucial to the process of 

designing internals. Therefore, this work will concentrate on quantifying the effect of 

internals using the occluded column CSA as a parameter. One of the main goals of this work 

is to provide experimental information and models that, along with the work of previous 

researchers, will enhance the fundamental understanding of the effect of the internals 

occluded CSA on the hydrodynamics, mixing, and mass transfer in bubble columns. 

Ultimately, this will provide a more scientific approach to the design of internals and a better 

prediction of the performance of bubble columns equipped with internals. 

1.3 Motivation 

Despite the potential applications for bubble columns equipped with internals, there is a lack 

of qualitative and quantitative understanding of the effect of these internals on 

hydrodynamics, mixing, and  mass and heat transfer in bubble columns at different operating 

conditions, as indicated in recent reviews (Dudukovic et al., 2002 and Jakobsen et al., 2005). 

Not only is a firm theoretical basis lacking, but there are very few experimental data available 

in the presence of internals, mainly caused by the complexity that the design and installation 

of internals add to the experimental setups.  

 

The presence of internals is expected to significantly alter the hydrodynamics, mixing 

patterns, and mass and heat transfer inside the reactor. It is likely that the large number of 

vertically oriented boundaries of the heat exchanger tubes would affect the flow field and 

transport on the local scale as well as on the reactor macro-scale (Larachi et al., 2006). 

However, the quantitative description as to how this happens is not currently available. We 

suspect that the presence of vertical tube bundles will lead to a change in the macro-scale 

circulation pattern in the column, hindrance of radial bubble motion, bounding of the eddy 

size, and altering  of the bubble size distribution, which would consequently affect the 
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mixing behavior in both phases as well as mass and heat transfer rates. However, no data to 

support these assertions are currently available, nor has a firm theoretical basis been 

outlined. 

 

The effect of internals has been addressed only in very few studies in the available literature. 

These studies focused on the effect of internals on the overall gas holdup (Fair et al., 1962, 

Pradhan et al., 1993, and Youssef, 2010), bubble dynamics (Chen et al., 1999 and Youssef, 

2010), liquid mixing (Chen et al., 1999 and Forret et al., 2003), and heat transfer (Korte, 1987 

and Schlüter et al, 1995). To the best of the author’s knowledge, no studies have reported 

the effect of vertical internals on the gas velocity profiles, gas phase mixing and mass 

transfer in bubble columns or slurry bubble columns. This is mainly due to the difficulties 

involved in the measurements of these quantities in the presence of internals, especially at 

high superficial gas velocities. The speed of the gas phase places a stringent demand on the 

use of rapid and accurate measurement systems to measure the bubble velocities and the 

residence time distribution (RTD) of the gas phase. Consequently, the absence of reliable 

experimental data has led to the absence of accurate models to predict gas velocities and 

simulate gas mixing in bubble columns. The presence of internals is anticipated to affect gas 

phase mixing, as they will decrease the axial and radial eddy diffusivities of the liquid phase 

as shown by Chen et al. (1999) and will also lead to the enhancement of the overall liquid 

circulation (Chen et al., 1999 and Forret et al., 2003). Both of these phenomena directly 

affect the extent of gas mixing in bubble columns (Joshi, 1982 and Lefebvre et al., 2004). 

Furthermore, the decrease in the bubble size (Youssef, 2010) and enhancement of liquid 

circulation in the presence of internals is anticipated to influence the gas velocity profile. 

Therefore, there is a need to investigate the effect of internals on the gas velocity profiles 

and gas phase mixing in bubble columns. The simultaneous investigation of the gas phase 

mixing and the gas phase hydrodynamics will allow better understanding of the effects of the 

gas hydrodynamics on gas phase mixing. 

 

In addition to the absence of experimental data and models for predicting gas velocity in the 

presence of internals, gas velocity itself has been poorly studied even in the absence of 

internals. There are almost no gas velocity models that can predict the gas velocity profiles in 

bubble columns. The only attempt to simulate gas velocity was done by Gupta (2002), who 
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never validated his model predictions with experimental data. The absence of models to 

predict gas velocity hinders our ability to fully understand the hydrodynamic picture inside 

bubble columns and leads to a poor understanding of the effect of different fluid dynamic 

parameters on the gas phase hydrodynamics and the gas phase mixing. Thus, there is a need 

for the development and validation of models that can predict the gas velocity. 

 

Various models have been developed for simulating reactor scale gas mixing in bubble 

columns, including the plug flow model (Stern et al., 1983, van Vuuren and Hydenrych, 

1985, and Herbolzheimer and Iglesia, 1994), the axial dispersion model (Towell and 

Ackermann ,1972, Field and Davidson, 1980, Mangartz and Pilhofer, 1981, Kulkarni and 

Shah, 1984, Joseph et al., 1984, and Wachi and Nojima, 1990), the slug and cell model 

(Myers et al. 1987), two-bubble class models (Shetty et al., 1992, Modak et al., 1993, and 

Kantak et al., 1995), compartmental models (Kawagoe et al., 1989 and Gupta, 2002), and the 

pure convective mixing model (Hyndman and Guy, 1995). All these models, with the 

exception of Gupta’s model, considered only one mixing mechanism to be dominant in spite 

of the fact that both convective mixing and turbulent dispersion contribute to the overall 

axial gas phase mixing, as indicated by Joshi (1982). Moreover, these models were all 

developed for bubble columns without internals, and their applicability in the presence of 

internals has never been verified. It is important to develop a mixing model that better 

describes the physical phenomena of gas phase mixing in bubble columns by taking into 

account all the hydrodynamic and turbulent factors that affect gas mixing, such as the radial 

gas holdup profile, radial velocity profile, and turbulent mixing parameters, in addition to the 

physical presence of internals.  

 

In view of the work done in bubble columns with internals, the mass transfer characteristics 

will most likely be influenced by their presence. On one hand, the increase in the interfacial 

area of bubbles (Youssef, 2010) and in the rate of bubble breakup in the presence of 

internals will enhance the overall volumetric mass transfer coefficient, kLa. On the other 

hand, the reduction in the turbulent intensity, including turbulent kinetic energy (Larachi et 

al., 2006) and fluctuating velocity (Chen et al., 1999 and Forret et al., 2003), in the presence 

of internals may lead to a decrease in the liquid-side mass transfer coefficient, kL. Hence, it is 
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important to study the poorly understood effect of internals on kL and kLa in bubble 

columns with internals. 

1.4 Objectives 

The major thrust of this work is to advance the understanding of the gas hydrodynamics, gas 

phase mixing and gas-liquid mass transfer in bubble columns with internals. In addition, this 

work aims to develop and validate fundamental hydrodynamic models that allow the 

prediction of gas velocity profiles and the simulation of the gas phase mixing in bubble 

columns with internals. In order to achieve these goals, the following objectives are set for 

this work:  

 Investigate and quantify the effect of internals on the radial gas velocity profile, the 

overall axial gas phase mixing, and the overall volumetric mass transfer coefficient at 

different operating conditions and reactor scales. 

 Validate a 1-D model to predict the gas velocity profile at different operating 

conditions and reactor scales in the presence and absence of internals. 

 Develop and validate a 2-D gas mixing model that can quantify the contributions of 

different mixing mechanisms on the overall axial gas mixing, and then use this model 

to relate the global mixing parameters to the local hydrodynamic and turbulent 

mixing parameters at different operating conditions and reactor scales. 

 

The above objectives will be pursued by performing experiments in two bubble columns 8 

and 18 inches in diameter, to study the effect of column scale, using three different 

percentages of occluded cross-sectional area by internals (0 %, 5 %, and 22 %) to investigate 

the effect of internals.  

 

As mentioned earlier, the ratio of the occluded CSA by internals will be used as the main 

parameter to characterize the effect of internals. All the previous studies on internals have 

recommended the use of this parameter (Bernemann, 1989, Chen et al., 1999, Forret et al., 

2003, and Youssef, 2010) to characterize the effect of internals, which is well justified in view 

of the experimental evidence presented by Yamashita (1987) and Youssef (2010), as long as 

the internals are distributed uniformly across the CSA area of the column. 
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1.5 Thesis Structure 

This thesis consists of the following chapters: 

 Chapter 1 introduces bubble column reactors and their use in the F-T process, 

highlights the importance of internals in bubble columns as a means of heat removal, 

and presents the motivation for and objectives of this study.  

 Chapter 2 includes a brief literature review relevant to the work done in this thesis.  

 Chapter 3 reports the results of the investigated gas phase hydrodynamics in the lab-

scale 8-inch and the pilot-scale 18-inch bubble columns with and without internals 

and validates the 1-D gas velocity model developed by Gupta (2002).  

 Chapter 4 discusses the impact of internals on gas phase mixing supported by a 2-D 

convection-diffusion model that quantifies the contribution of different mixing 

mechanisms to the overall axial gas mixing in bubble columns.  

 Chapter 5 highlights the effect of internals on mass transfer in bubble columns.  

 Chapter 6 presents conclusions and recommendations for future work on bubble 

columns. 

 

Figure 1.2 shows a schematic diagram of the Thesis structure and explains the relation 

between the different chapters of the Thesis.  
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Figure 1.2 - A schematic diagram of the Thesis structure 
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Chapter 2 - Background 

This chapter focuses on the critical analysis and review of the literature pertinent to the 

present work. Firstly, the current status and findings on bubble columns with internals are 

highlighted. Secondly, the experimental and modeling work done on the gas velocity profile 

is discussed. Thirdly, the experimental and modeling research done on gas phase mixing is 

presented. Finally, some of the important experimental studies on mass transfer in bubble 

columns are reviewed.  

2.1 Internals 

In the last decade there had been extensive research on bubble and slurry bubble columns. 

Unfortunately, most of these studies have not accounted for the presence of vertical 

internals for many reasons, as discussed in Chapter 1. The presence of vertical internals is 

expected to alter the flow pattern, mixing, and heat and mass characteristics, and hence, their 

effect should be considered in the design and scale-up of bubble columns. This section 

presents a brief background on the previous work done on the effect of vertical heat 

internals in bubble columns.  

 

The effect of vertical internals on the hydrodynamics and mixing behavior of bubble 

columns has been addressed systematically in no more than five studies in the open 

literature. These studies focused mainly on investigating the effect of internals on the overall 

gas holdup and the radial gas holdup profile, bubble dynamics, liquid velocity profiles, liquid 

mixing, and heat transfer. The first systematic attempt to study the effect of internals was 

carried out by Bernemann (1989), who investigated the effects of different configurations 

and occluded CSA by internals (10%-19%) on the liquid velocity profile and liquid mixing in 

two bubble columns, 8 and 18 inches in diameter. Bernemann (1989) found that the increase 

in the occluded CSA by internals increased the steepness of the liquid velocity profile and 

increased the overall axial liquid mixing.  
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Chen et al. (1999) investigated the effect of the occluded CSA by  internals on the radial gas 

holdup profiles, time-averaged liquid velocity profiles, turbulent stresses and eddy 

diffusivities (radial and axial) in an 18-inch diameter bubble column with and without 

internals (5% occluded CSA) at 12 cm/s. They concluded that the presence of the 5% 

occluded CSA by internals slightly enhanced liquid circulation patterns, confirming 

Bernemann’s (1989) findings. The presence of internals was found to decrease turbulent 

stresses and eddy diffusivities. This effect was more pronounced in the radial direction than 

in the axial direction. 

 

Forret et al. (2003) studied the effect of internals on liquid back-mixing in a 1 m diameter 

bubble column with and without internals (22% occluded CSA). They concluded that 

internals caused an enhancement in the large-scale liquid mixing and a decrease in the axial 

fluctuating liquid velocity. This decrease is in line with the findings of Chen et al (1999). In 

their work, they used a 2-D model which accounts for the radial variations of the liquid 

velocity and the gas holdup profiles and found that the ratio of Dzz/Drr increased in the 

presence of internals. This finding is consistent with the work of Chen et al. (1999) who 

found that the decrease in the turbulent diffusivities in the presence of internals is more 

significant in the radial direction.  

 

Larachi et al. (2006) used a two-fluid transient 3-D CFD model to simulate five pilot-scale 

configurations of internals with different percentages of occluded CSA in 19 cm, 91 cm, and 

100 cm inner diameter bubble columns. CFD simulations showed that internals affect the 

liquid gross flow structures and sharply decrease the liquid kinetic turbulent energy. 

 

Youssef (2010) focused on investigating the effect of internals on the gas holdup profiles, 

bubble dynamics including gas-liquid interfacial area, bubble chord length, and bubble 

velocity distributions, and liquid mixing in 8-inch and 18-inch diameter bubble columns. In 

his study, he used configurations of internals that mimic the ones used in methanol synthesis 

(5% occluded CSA) and the F-T process (22% occluded CSA). He found that the presence 

of internals enhanced the bubble break-up, causing a decrease in the bubble chord length 

and an increase in the interfacial area. The decrease in the bubble sizes caused an increase in 

the overall gas holdup and a flattening of gas holdup profiles. In addition, the overall axial 
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liquid mixing increased in the presence of internals, further supporting the work of 

Bernemann (1989) and Forret et al., (2003). Figure 2.1 shows the different configurations of 

internals used by the above-mentioned studies. All the superficial gas velocities used in these 

studies were based on the free CSA of the column. 

 

Other work on internals includes the work of Yamashita (1987), who studied the effect of 

the configuration of internals on the overall gas holdup. His work showed that the overall 

gas holdup is not affected by the arrangement of the vertical tubes; rather it is sensitive only 

to the number of tubes and their outer diameter (i.e., the occluded CSA is the main 

controlling parameter). This finding was also supported by the work of Youssef (2010). 

Korte (1987) studied the effect of vertical internals on the heat transfer coefficient using 13 

different configurations in two different columns, 19.6 cm and 45 cm in diameter. Korte 

(1987) found that in the presence of internals, the heat transfer coefficient increased steeply 

with increasing the superficial gas velocity up to 20 cm/s, and then leveled off. The effect of 

internals on the heat transfer coefficient was found to depend on their configuration. Later, 

Schlüter et al. (1995) confirmed this finding in three bubble columns, 19, 29, and 45 cm in 

diameter, using different configurations of internals. In general, Korte (1987) and Schlüter et 

al. (1995) showed that the effect of internals on the heat transfer coefficient is insignificant 

compared to the effects of column diameter and liquid viscosity on the heat transfer 

coefficient. 

 

In summary, the work done on internals has focused on addressing their effects on bubble 

dynamics, liquid mixing, and heat transfer. However, the description and quantification of 

their effect on the gas velocity profile, gas phase mixing and mass transfer rate is still lacking 

in the open literature. In addition, no attempt has been made to develop phenomenological 

models to describe the performance of bubble columns with internals. The development of 

such models will greatly improve the fundamental understanding of internals on the 

hydrodynamics, mixing, and mass transfer in bubble columns. 
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Figure 2.1 - Configuration of internals used by different researchers  

Configuration of internals used by Bernemann (1989) 
Copied from Youssef et al (2012) 

 
Configuration of internals used for the 3-D CFD simulation 

 

Configuration No internals Full internals 
Scattered 
internals 

Star C-Star 

Column 
diameter 

Laboratory Laboratory Pilot Pilot Pilot Pilot Pilot 

Column 
diameter (cm) 

19 19 91 100 100 100 100 

Aspect ratio 10 10 11 10 10 10 10 

Internals 
number 

0 0 0 253 31 121 132 

Internals 
diameter (cm) 

— — — 2.5 2.5 2.5 2.5 

Triangular pitch 
(cm) 

— — — 5.7 17.1 5.7 5.7 

Bundle 
configuration # 

1 2 3 4 5 6 7 8 9 10 

 

# tubes 6 7 12 13 18 19 6 15 37 63 

Relative free CSA 
0.9
0 

0.88 0.79 
0.7
7 

0.6
9 

0.6
7 

0.9
8 

0.9
5 

0.8
9 

0.8
1 

Relative wall 
surface area 

1.7
9 

1.52 2.18 
2.3
2 

2.9
7 

3.1
1 

1.3
3 

1.8
3 

3.0
6 

4.5
0 

Pitch (mm) 40 70 40 40 40 40 - 120 70 40 

Tube diameter  25 mm                (a) (b)  (c)  (d)         (e) 

       

 

Configuration of internals 
used by Chen et al (1999). 
Copied from Chen et al 
(1999) 

 Configuration of internals used by Korte (1987). Copied from Youssef et al (2012) 

 

Two bundles of 1” aluminum 
tubes (1/16“ in thickness) 
located at two different radial 
positions are: r/R of 0.39 and 
0.61 respectively 
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2.2 Gas velocity profiles in bubble columns 

In bubble columns, the gas introduced at the bottom of the reactor through the sparger 

forms bubbles that rise preferentially along the center of the column, entraining some of the 

liquid in that region in the bubbles’ wakes. This movement induces gas and liquid 

recirculation, where the liquid is dragged by the large gas bubbles along the column center 

and descends at the wall, dragging downwards the small bubbles that are entrained in the 

wall region. As a result, the actual velocity of the gas bubbles becomes a function of the 

liquid velocity, the bubble size and shape, and the physical properties of gas and liquid 

phases. Most of the work done on the gas phase velocity concentrated on measuring and 

modeling the rise of single bubbles in a quiescent liquid. However, the extension of the 

developed models and results has not been verified in accelerating or moving liquids. The 

absence of these experiments limits our ability to model the gas velocity profiles in bubble 

columns and understand the nature and magnitude of different forces affecting the gas phase 

in bubble columns. This section presents a brief review on the experimental and modeling 

work on bubble velocities. 

2.2.1 Experimental Studies on Gas Velocity 

Most of the work done on bubble velocities in bubble columns has been concerned with the 

rise bubble velocity of isolated bubbles. Wu (2007) presented a detailed review of the 

developed correlation for estimating the single bubble rise velocity. Generally, the single 

bubble rise velocity is a function of liquid properties, including density, surface tension, and 

viscosity and of the operating conditions including pressure and temperature. The effect of 

liquid properties on the rise bubble velocity decreases as the bubble size increases, which 

causes the rise velocities of large bubbles to be insensitive to the liquid properties (Fan, 

1989). However, the continuous bubble coalescence and breakup in in bubble columns 

causes the behavior of bubble swarms to be more complex than that of isolated single 

bubbles. 

 

Deen et al. (2000) measured the simultaneous bubble and liquid velocities in a rectangular 

bubble column using the Particle Image Velocimetry (PIV) technique at 5 mm/s superficial 
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gas velocity. He showed that in the homogenous regime, the trend of the gas velocity profile 

qualitatively matched the liquid velocity profile. Unfortunately, the extension of his 

technique to measure bubble velocities in bubble columns operating at high superficial gas 

velocities is not feasible. The only systematic and complete work on the gas velocity profiles 

in bubble columns under a wide range of superficial gas velocities was done by Xue (2004) 

who measured the gas velocity profiles for an air-water system in a 6-inch bubble column at 

superficial gas velocities ranging from 3 to 60 cm/s at different pressures (0.1-1 MPa) using a 

4-point optical probe. Xue (2004) showed that the trend of gas velocity profile is similar to 

that of the liquid velocity profile, where bubbles move upwards in the central region and 

move down in the wall region. This was evident both in the homogenous and heterogeneous 

regimes. Xue (2004) also showed that the increase in pressure causes an increase in the 

steepness of the gas velocity profile (an increase in the center-line gas velocity and a decrease 

in the near-wall velocity) mainly due to the enhancement of liquid circulation at higher 

pressure in spite of the decrease in bubble chord length at high pressures. Wu (2007) studied 

the effect of solids loading on the gas velocity profiles, and found that the gas velocity 

increases with the increase in solids loading, but the difference becomes negligible at higher 

superficial gas velocities. It should be emphasized that in all these studies, the average gas 

velocity at a certain radial location was assumed to be equal to the average velocities of the 

bubbles moving upwards and downwards at this location. Notably, the PIV technique and 

the 4-point optical probe measure the absolute velocity of bubbles and, hence, the mean 

bubble velocity or gas velocity at a certain radial location represents the actual gas velocity 

which is the sum of the liquid and slip velocities at this location. The actual gas velocity is of 

course different from the superficial gas velocity, Ug, and is usually defined globally (reactor-

average) as: Ug/εg. More experimental work is needed to further study the effects of different 

operating conditions on the gas velocity profiles such as the physical properties of the liquid 

and gas phases, column diameter and internals. Finally, more insight in the flow behavior in 

bubble columns can be gained by developing fundamental models to predict the gas velocity 

profiles under different operating conditions in bubble columns.  



 

18 

2.2.2 Modeling of gas phase hydrodynamics 

The fundamental modeling of the velocity profiles of the gas and liquid phases in bubble 

columns is typically based on two approaches: Eulerian-Eulerian and Eulerian-Lagrangian. 

The Eulerian-Eulerian approach involves solving the fundamental Navier-Stokes equation 

for gas and liquid phases based on the interpenetrating fluid model which views both phases 

as coexisting and being continuous. Typically the Reynolds Averaged Navier-Stokes (RANS) 

solvers are used and this requires numerous closures. Simplified models based on assumed 

gas holdup profiles, gas-liquid drag and correlations for turbulent viscosity and /or mixing 

length have also been employed for estimation of the liquid velocity profiles. This approach 

of modeling had been pursued by several research groups for the last 50 years (Ueyama and 

Miyauchi, 1979, Svendsen et al., 1992, Jakobsen et al., 1996, Sokolichin and Eigenberger, 

1994, Ranade, 1992, Grienberger and Hofmann, 1992, Geary and Rice, 1992, Kumar et al. 

1995, and Gupta, 2002).  The liquid velocity data developed using the Computer Automated 

Radioactive Particle Tracking (CARPT) technique and the gas holdup profiles obtained using 

Computed tomography (CT) allowed the validation of some of these models in the 

homogeneous and heterogeneous regimes provided that the correct gas holdup profile and 

turbulent closure are chosen (Kumar, 1994 and Degaleesan, 1997). This approach can be 

extended to calculate the velocity profile of the gas phase by solving the gas momentum 

equation. In this case, the bubble size is needed to calculate the interfacial drag force 

between the gas and liquid phases. However, the absence of experimental data of the gas 

velocity profiles and bubble size hindered different authors from extending this Eulerian-

Eulerian approach to model the gas velocity. The only attempt to model gas velocity using 

this approach was done by Gupta (2002). The main motivation for the development of his 

gas velocity model was to use it as an input sub-model to a compartmental gas and liquid 

mixing model. Although the compartmental model developed by Gupta (2002) was validated 

using gas RTD data, the predicted gas velocities were never validated using gas velocity data 

in bubble columns. The formulation of Gupta’s model, which will be used in this work to 

simulate gas phase velocity profile, is given in section 2.2.3. 

 

The other approach in the fundamental modeling of gas-liquid flows is the Eulerian-

Lagrangian approach. In this formulation, the individual bubbles of the gas phase are tracked 
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by writing a force balance for each bubble (Lapin and Lubbert, 1994 and Delnoij et al., 

1997). The Lagrangian motion of bubbles is coupled with the momentum balance (Eulerian) 

equation for the liquid phase via the source interaction term and the volume fraction of the 

gas. This method requires as an input the bubble size, and has so far only been attempted for 

bubbly flows where there are uniform bubbles without mutual interaction. Eulerian-

Lagrangian models do not require turbulence modeling since they are, at present, applied to 

cases of low gas velocities. For high gas velocities, this approach may not be feasible due to 

the large number of bubbles that need to be tracked along with multiple and complex bubble 

interactions and sizes. The solution of these fundamental equations, given the complexities 

involved regarding various closures and computational resources (for 3-D calculations), 

remains a subject of current research. Progress in this area requires reliable experimental 

information to validate these models (average bubble size, phase velocities, holdup profile 

and turbulence stresses) and can provide insight into mechanisms that drive the flow. 

Sokolichin et al. (1997) showed that, provided that the gas phase equations are discretized 

adequately, both the Euler-Euler method and the Euler-Lagrangian method give the same 

results in bubbly flows. 

 

There is an increasing use of Computational Fluid Dynamics (CFD) as an engineering tool 

for predicting the flow behavior in various types of equipment on an industrial scale. 

Although the tools for applying single-phase flow CFD are widely available, application of 

multiphase CFD remains complicated from both a physical and a numerical point of view. 

Although some of the developed CFD codes (e.g.: Krishna et al., 2000 and Larachi et al., 

2006) were successful in predicting the qualitative flow behavior in bubble columns for the 

homogeneous regime, the validity of these codes to the churn-turbulent regime is still 

questionable. This is mainly due to the incomplete understanding of the different interfacial 

forces at high volume fractions and the absence of experimental data to validate the CFD 

predictions. Furthermore, the application of CFD to model practical reactive systems, such 

as the F-T process, implies the use of 20-30 species transport equations, which is very 

difficult to achieve in a realistic time-frame. Hence, most CFD applications to bubble 

column design are limited to describing the fluid dynamics from which relevant information 

can be passed to the models describing species transport.  
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In light of the previous discussion on different modeling approaches, it is clear that simple 

yet fundamental models that can capture the physics of the flow are needed to design and 

scale up bubble column reactors. Detailed compartmental models (Gupta, 2002) and 2-D 

models (Degaleesan, 1997) are good examples of these models. This work attempts to 

extend the 2-D model developed by Degaleesan (1997) to simulate the gas phase mixing. 

These models can be easily extended to include reaction terms and ultimately provide 

practical means for modeling reactive systems at intense operating conditions. 

2.2.3 The 1-D Gas-Liquid Recirculation Model 

One-dimensional recirculation models are based on solving the 1-D continuity and 

momentum balance equations, which are simplified versions of the two-fluid model 

equations (Ishii, 1975). The two-fluid model treats the general case of modeling each phase 

as a separate fluid in continuum with its own set of governing balance equations. In general, each 

phase has its own velocity, temperature and pressure. In this model, the gas and liquid 

phases are coupled using interfacial forces that generally arise due to the relative motion 

between individual phases. The 1-D recirculation models are usually applied to the fully 

developed section of bubble columns with aspect ratios (L/D)  larger than 5, where 

experimental evidence indicates the presence of 1-D  profiles for the liquid (Devanathan, 

1991) and gas phases (Xue, 2004). The fundamental Navier-Stokes equation for the gas and 

liquid phases can be written as (Gupta, 2002): 

Continuity Equations: 

               
   

  
   (    )    (2.1) 

     
   

  
   (    )    (2.2) 

Momentum Equations: 

                   [
   

  
       ]               (    )  (        ) (2.3) 

        [
   

  
       ]               (    )  (        ) (2.4) 

In the momentum balance equations,    and    are the stress tensors representing the 

normal and shear stresses in the liquid and gas phases, respectively. Md is the drag force that 

arises due to the relative velocity between the two phases, and Mlift is the lift force acting on 
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the gas phase due to the presence of a shear flow field. Other axial and radial forces also 

exist, like the Basset, virtual mass, turbulent dispersion, Magnus, and wall lubrication forces. 

However, these forces are usually neglected in the modeling of practical gas-liquid flows due 

to the lack of understanding of these forces at high gas volume fraction and the small 

magnitude of these forces compared to the drag and lift forces.  

 

The drag force that results from the motion of bubbles, acts in a direction opposite to that 

of the motion of bubble and is related to the slip velocity, liquid density, and drag 

coefficient. The mathematical representation of the drag force can be obtained by making a 

force balance on a spherical bubble:  

   
     

   
    (2.5) 

   
 

 
     

   |     |(     ) (2.6) 

where, CD is the drag coefficient and db is the bubble diameter. The lift force will not be 

discussed here, since the main concern of the model is to obtain the axial velocities of the 

gas and liquid phases. The reader is referred to Rafique et al. (2003) for an excellent review 

on the origin and mathematical representation of the different interfacial forces in bubble 

columns.  

 

In the well-developed region of the column, experimental evidence shows that the flow of 

the liquid and gas phases are axisymmetric in the time-averaged sense with only the axial 

velocities being non-zero (Devanathan, 1991, Degaleesan, 1997, and Xue, 2004). Hence the 

liquid and gas velocity profiles can be represented by a single radial profile in the fully 

developed region. These assumptions are well justified in view of the experimental data in 

available bubble columns, including gas holdup profiles data obtained using CT (Kumar, 

1994) and the 4-point optical probe (Xue, 2004), liquid velocity profiles measured with 

CARPT (Devanathan, 1991 and Degaleesan , 1997), and gas velocity profiles obtained using 

the 4-point optical probe (Xue, 2004). Based on these assumptions: 

 The equations of continuity for the gas and liquid phases are satisfied. 

 At steady state conditions, the left hand side of the gas and liquid momentum 

equations becomes zero. 
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 Due to no net flow condition in the radial and azimuthal directions, the pressure is 

assumed to be independent on the radial and azimuthal coordinates and the pressure 

gradient term in the momentum equations reduces to 
  

  
.  

 

Hence, the liquid and gas momentum equations reduce to: 
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In the above equations, the superscripts “m” refers to molecular (viscous) contributions, 

while “t” refers to turbulent contributions. The molecular and turbulent stresses in the gas 

and liquid phases are defined as: 
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Since the gas viscosities are much smaller than the corresponding liquid viscosities (  
  

  
 ) and the gas densities are much smaller than liquid densities (     ), the molecular 

and turbulent shear stresses in the gas phase can be neglected compared to those in the 

liquid phase. Therefore, upon the addition of the simplified liquid and gas momentum 

equations, one obtains: 
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 }) (2.11) 

In order to solve this equation to obtain the liquid velocity profiles, two inputs are required: 

1 The gas holdup profile: although gas holdup profiles have been extensively 

studied in bubble columns, there are no satisfactory models that can confidently 

predict it under a wide range of operating conditions. As a result, most researchers 

(Ueyama and Miyauchi, 1979, Rice and Geary, 1990, Kumar, 1994, Burns and Rice, 

1997, Degaleesan, 1997, and Gupta, 2001) assume a certain form for the gas holdup 

profile and fit their gas holdup data to that form and use it as an input to the 1-D 

model.  
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2 A closure for the turbulent stresses: the simplest and most common approach 

used in the modeling of liquid velocity is the closure of the turbulent stresses in 

terms of turbulent kinematic viscosity (Miyauchi and Shyu, 1970, Ueyama and 

Miyauchi, 1979, Kojima et al., 1980, Riquarts, 1981, Sekizawa et al., 1983, Kawase 

and Moo-young 1989). The turbulent kinematic viscosity can be further closed in 

terms of a turbulent mixing length (Clarck et al., 1987, Devanathan, 1991, Geary 

and Rice, 1992, Kumar, 1994, and Gupta, 2001). 

 

It should be noted that starting from Equation (2.11), several versions of the 1-D model 

appear in the literature for predicting the liquid velocity profile (Ueyama and Miyauchi, 1979, 

Clark et al., 1987, Anderson and Rice, 1989, Rice and Geary, 1990, Luo and Svendsen, 1991, 

Kumar et al. 1994, and Gupta, 2001). The variations among these models arise from the 

different boundary conditions and closure models used for the Reynolds shear stress, based 

on Prandtl's mixing length or the eddy viscosity shear stress. A detailed comparison of the 

existing approaches to study liquid recirculation in bubble columns using the 1-D 

recirculation model has been performed by Kumar (1994). His study demonstrated the 

deficiency of literature correlations for eddy viscosity and mixing length in satisfactorily 

predicting the 1-D liquid velocity profiles under a wide range of operating conditions. 

Kumar (1994) estimated the mixing length from the experimental measurements of 

Reynolds shear stress and liquid velocity gradient, based on which a functional form for the 

mixing length profile was proposed. He showed that the mixing length correlation based on 

data evaluated in a 19 cm diameter column can be used, along with the measured holdup 

profile, to predict the liquid velocity profile in larger diameter columns, up to 30 cm. His 

model was successfully tested for superficial gas velocities ranging from 2 cm/s to 12 cm/s.  

In what follows, the solution procedure of Gupta (2002) will be discussed briefly.  

 

The axial pressure drop is obtained in terms of the dimensionless radial position at which the 

downward liquid velocity is maximum, which is usually estimated by an iterative process by 

closing the liquid phase mass balance as: 

 ∫   ( )  ( )     ∫   ( )  ( )   
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where   is the dimensionless radial position at which the downward liquid velocity is 

maximum and   is the dimensionless radial coordinate (r/R).  The boundary conditions used 

for the solution are typically: 

  |            
   

  
|
   

    (2.13) 

The knowledge of the axial liquid velocity profile along with the axial pressure drop allows 

the solution of the gas momentum equation, which reduces to: 

  ( )    ( )    ( )  √
   ( 

  
  

    )

     (    ( ))
 

(2.14) 

where the drag coefficient, CD, is a function of slip velocity and bubble diameter, and hence 

an iterative method is needed to solve for the gas velocity profile. The average bubble 

diameter can be obtained by an iterative scheme by closing the overall gas phase mass 

balance as: 

 ∫   ( )  ( )   
   

   

      (2.15) 

This approach can also be used to estimate the bubble size distribution, provided that a form 

for the bubble size distribution is assumed. Gupta’s model allows the calculation of the gas 

velocity profile while ensuring that the gas phase continuity is satisfied. In addition, the 

model also predicts the average bubble diameter; however, the predicted bubble diameter is 

strongly affected by the drag coefficient used.  

2.3 Gas Phase Mixing  

The complex flow structure in bubble columns causes non-idealities in the mixing behavior 

of the gas and liquid phases. Both turbulent dispersion of gas bubbles and non-uniform gas 

velocity profiles result in axial mixing of the gas phase. On the reactor scale, the ‘overall axial 

gas mixing’ is assessed by the dimensionless variance of the RTD curve at the reactor outlet. 

Alternatively, the overall axial gas phase mixing can also be quantified using the Péclet 

number (Pe) which is inversely proportional to the dimensionless variance. The Péclet 

number is a dimensionless number that represents the ratio between the rate of advection of 

a tracer by the flow and the rate of dispersion of that tracer. Hence, any condition that 
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causes an increase in the dimensionless variance of the RTD curve of the gas phase or a 

decrease in the axial gas Péclet number will cause an increase in the overall axial gas mixing.  

 

All the studies done on gas mixing in bubble columns were mainly interested in measuring 

and modeling the overall axial gas mixing since it can adversely affect the reaction rates and 

product selectivity (Deckwer, 1976 and Deckwer and Schumpe, 1993). The investigation of 

gas phase mixing has received significantly less attention than liquid phase mixing, partly due 

to the technical problems involved in determining reliable gas RTD data. The speed of the 

phenomena places a stringent demand on the realization of a reproducible input signal, and 

the fast response requires a rapid and accurate detection of the local or mixing cup gas 

concentration. Thus, the collection and analysis of experimental data pose problems, 

particularly in accounting for the extra dispersion caused by the end effects and sampling 

lines, especially at high gas flow rates. As a result, the experimental data and correlations 

reported in the literature reveal considerable scatter, much of which is attributed to the 

experimental techniques used to acquire the data.  

 

The proper way to collect the RTD data at the reactor outlet from which one can quantify  

the extent of the overall axial gas mixing, is to measure the gas concentration at different 

radial locations (at the reactor outlet) and calculate the cup mixing average from these 

different radial positions. However, most researchers did not discuss the way by which they 

averaged their RTD data. This may not be a critical issue in bubble columns, since the gas 

phase is well mixed in the radial direction, causing the tracer responses measured at different 

radial locations to be nearly the same. The main issue that has not been addressed in the 

literature is the effect of the reactor height on the extent of the gas phase mixing (i.e. the 

dimensionless variance of the RTD curve). Levenspiel and Fitzgerald (1983) showed that the 

dimensionless variance of a tracer is directly proportional to the square of the reactor height 

if the axial mixing is dominated by dispersion, while it is directly proportional to the reactor 

height if the mixing is mainly caused by convection. However, since the overall axial gas 

mixing is a result of both phenomena, the dependence of the dimensionless variance of the 

gas phase on the reactor height is unknown. In reactive systems, this dependence is further 

complicated due the fact that the contribution of the different mixing phenomena 

(dispersive and convective mixing) changes with the reactor height due to the  shrinkage of 
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the gas phase and the consequent change in the gas and liquid hydrodynamics. The main 

obstacle that hinders our ability to develop a better understanding of the gas mixing 

phenomenon is the absence of local axial RTD curves of the gas phase, since the current 

available techniques, except for the radioactive gas tracer technique, do not allow the 

measurement of the gas tracer concentration in a multiphase system. Until this phenomenon 

is better understood, one should look at the findings of different researchers carefully and 

only consider the qualitative reported trends.  

2.3.1 Experimental Studies on Gas Phase Mixing 

Table 2.1 summarizes the gas phase mixing studies in bubble columns and slurry bubble 

columns published in the available literature. Most of these studies focused on the effect of 

superficial gas velocity and column diameter on the extent of gas phase mixing. It is evident 

from these studies that the axial gas mixing increases with increasing the superficial gas 

velocity and increasing the column diameter. Kantak et al. (1994) studied the effect of liquid 

properties on the gas phase mixing. They found that the axial gas phase mixing decreased 

with decreasing surface tension and increasing liquid viscosity. The effect of the physical 

properties of the gas phase on the extent of the axial gas phase mixing was found to be 

negligible. Han (2007) reported the effect of pressure and solid loading on axial gas phase 

mixing, where he concluded that the gas phase mixing decreased with increasing pressure 

and decreasing solids loading.  

 

A more critical look at the work on gas phase mixing indicates that all the conditions that 

cause a decrease in turbulence in bubble columns will cause a decrease in the extent of the 

axial gas phase mixing, even if this decrease in turbulence is coupled with an increase in gas 

and liquid circulation. For instance, the increase in pressure which enhances the circulation 

of gas (Xue, 2004), solids (Rados, 2003), and liquid (Ong, 2003) and decreases turbulent 

intensity (Ong, 2003) causes an overall decrease in the gas phase mixing. Moreover, the 

increase in solids loading, which increases turbulence (Han, 2007), causes an overall increase 

in the axial gas phase mixing in spite of the decrease in the circulation of solids (Rados, 

2003), which also indicates a decrease in the liquid and gas circulation. This experimental 

evidence suggests that the extent of gas phase mixing is mainly controlled by turbulent 

dispersion rather than convective mixing within the range of operating conditions of these 
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reported studies, which were mostly at superficial gas velocities ranging from 10-30 cm/s 

(churn turbulent regime), solids loading ranging from 0-25% by volume, and operating 

pressures ranging from 0.1-1 MPa. This idea will be studied in more detail in this work by 

quantifying the contribution of different mixing mechanisms on the overall axial gas phase 

mixing.  

2.3.2 Modeling of Gas Phase Mixing in Bubble Columns 

In simulation studies, the gas phase mixing in bubble columns was usually modeled as plug 

flow (Stern et al., 1983, van Vuuren and Heydenrych, 1985, Herbolzheimer and Iglesia, 

1994). However, several authors (Joseph et al., 1984, Shetty et al., 1992, and Kaštánek et al., 

1993) showed that this assumption was inaccurate and that gas phase mixing cannot be 

neglected in bubble columns. The most common approach to modeling the non-ideal 

mixing behavior in bubble columns is the 1-D axial dispersion model (ADM). In this model, 

all the mechanisms leading to the longitudinal axial gas mixing are lumped into a single axial 

dispersion coefficient. The vast popularity of the model is due to its simplicity and ease of 

use. In addition, it contains only one unknown parameter: the axial dispersion coefficient 

(Dg). However, the validity of the axial dispersion model to describe two-phase flows with 

large degrees of mixing, such as those in bubble columns, is questionable (Myers, 1986 and 

Lefevebre et al., 2004) and the ‘a priori’ estimation of Dg is difficult because it is a complex 

and poorly understood function of the liquid and gas hydrodynamics. Despite its lack of a 

sound basis, the ADM still remains extremely popular, and numerous correlations for the 

gas and liquid axial dispersion coefficient in bubble columns have been developed over the 

years. A survey of the existing correlations for gas phase axial dispersion coefficients has 

been presented by Joshi (1982), Deckwer (1993), and Kaštánek et al. (1993). In the majority 

of published work, the axial dispersion coefficient (Dg), which quantifies the extent of the 

overall axial gas mixing was correlated as a function of superficial gas velocity (Ug) or actual 

gas velocity (Ug/εg) and of the reactor diameter. The validity of published empirical 

correlations is, however, limited to the experimental conditions of the particular studies, and 

data of other authors can rarely be accommodated. Available literature correlations for the 

axial gas dispersion coefficients are listed in Table 2.1. 
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Table 2.1 - Reported experimental studies on gas phase mixing in bubble columns 

 

 

 

Author System D (cm) SGV (cm/s) Dg (m2/s) Model used Correlation 

Carleton et al. (1967) Air-H2O (+rings) 7.6-30.5 3-6 0.1-1 ADM   

Towell and Ackerman (1972) Air/ H2O 40.6-106 1.62-3.4 0.02-0.14 ADM Dg = 19.7D2Ug 

Pilhofer et al. (1978) 

 

Air/ H2O 
N2/n-Propanol 
Air/glycol 

10 1-20 0.003-1 ADM for gas and liquid  phases + mass transfer Dg = 2.64Us
3.56 

Field and Davidson (1980) Air/water 320 4.5 – 5.5 1-8 ADM Dg =56.4D1.33(Ug/εg)3.56 

Mangartz and Pilhofer (1981) 

 

Air / H2O 
N2/n-Propanol 
Air/glycol 

10  1.5-10 0.01-1 ADM for gas and liquid  phases + mass transfer Dg =50D3/2(Ug/εg)3 

Kulkarni and Shah (1984) 

 
Air-sulfite solution 7.5 0.14-1.3 0.001-0.5 ADM for gas and liquid phases + mass transfer  - 

Joseph et al. (1984) Air- H2O 30.5 3-7 0.1-1 ADM - 

Shah et al. (1985) 
N2- H2O 
N2- H2O-glass beads 

10.8 9-30 - 
Small bubbles: CSTR  
Large bubbles: Plug flow 

- 

Molerus and Kurtin (1986) Air- H2O -Alcohol 19 10-50 - 3 parameter zero-shifted log-normal distribution - 

Kawagoe et al. (1989) 
Air- H2O 
Air-CMC (aq) 
Air-Na2SO4 (aq) 

15.9 
29.0 

2.7-9.5 0.001-0.5 
Two region class mixing model  
Core: ADM 
Annular: ADM 

 

Wachi et al. (1990) Air/ H2O 20-50 

 
2.9-45.6 0.02-5 ADM Dg = 20D3/2Ug 

Shetty et al. (1992) Air- H2O 15-25 1-16 0.001-0.5 
Small bubbles: ADM 
Large bubbles: plug flow 

- 

Modak et al. (1993) Air- H2O 29 3-25 - Single & Two bubble class models - 

Kantak et al. (1995) 
Air- (H2O , alcohols, & 
CMC solutions) 

15 -25 1-18 0.005-0.35 
Small bubbles: ADM 
Large bubbles: plug flow 

- 

Hyndam and Guy (1995) Air-Argon- H2O 20 3.7-9.4 - 
Log-Normal bubble velocities distribution for 
bubbles population (purely convective model) 

- 

Han (2007) Air-C9C11-FT catalyst 16.2  3-30 0.05-0.35 ADM - 
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Figure 2.2 - Different models used for gas phase mixing 
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Several phenomenological models that attempted to capture the physics of the gas phase 

mixing have been proposed in the literature. Two bubble class models (Shah et al., 1985, 

Shetty et al., 1992, and Kantak et al., 1995) assumed that bubbles may be separated into 

small bubbles driven by liquid motion, and large bubbles which rise in a plug flow manner 

independent of liquid motion.  This model is a superposition of a convective mechanism 

(transport at two velocities) onto a dispersive mechanism where each bubble class is treated 

separately with no interaction between bubble classes. Meyers et al. (1987) introduced the 

slug and cell model, where he divided the bubble column into gas rich slugs, which consist 

of large fast-rising bubbles with any small bubbles and liquid entrained in the wake, and gas 

lean cells, which consist of a series of stationary pseudo-homogenous dispersions of small 

gas bubbles in liquid. Hyndman and Guy, (1995) suggested a pure convective model to 

describe gas phase back-mixing assuming a superposition of many bubbles in plug flows, 

where bubbles rise at constant velocity along the column axis and mixing is caused solely by 

the differences in bubble velocities.  Kawagoe et al. (1989) adopted the use of a two-region 

model, where the bubble column was divided into a core region, in which bubbles move 

upwards, and a wall region, where bubbles moved downwards. Each region was modeled 

separately using an axial dispersion model and had its own axial dispersion coefficient, where 

no interaction was assumed between different regions. Gupta (2002) developed a more 

detailed compartmental model to simulate liquid and gas phase mixing, where he assumed 

that bubbles move upwards in the core region and downwards in the wall region with 

interaction between the two regions. Although Gupta’s model accurately describes the 

physical picture of gas phase mixing emerging from numerous experimental studies, his 

model requires many mixing input parameters for the different reactor compartments. In 

order to overcome this problem, Gupta (2002) developed a method to estimate these 

parameters based on the experimental data of CARPT and CT and using the radial gas 

holdup profile as an input to the model. Figure 2.2 shows a schematic representation of the 

concept of each of these models. 

 

Some of the previously mentioned models were criticized by different authors. Kaštánek  

(1993) and Lefebvre et al.(2004) questioned the applicability of the bi-modal (two-bubble 

class) models to describe gas phase mixing in bubble columns since the experimental 

measurements of bubble behavior reported in the literature (Xue et al., 2004 and Lefebvre et 
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al., 2004) did not show a bi-modal distribution of the bubble size population. Furthermore, 

the two-bubble class model fails to explain the increase in the extent of the axial gas phase 

mixing with the increase in superficial gas velocity, because it assumes that the increase in the 

fraction of large bubbles will cause the gas mixing behavior to approach plug flow, 

contradicting the reported experimental data. Finally, the pure convective models are not 

physically valid because the dispersive mechanism contributes greatly to the gas phase 

dispersion. This claim has been confirmed by many experimental studies as shown in the 

previous section. 

 

In order to accurately model gas phase mixing, one needs to understand the dominant 

mixing mechanism of the gas phase. This can only be accomplished if the contribution of 

different mixing mechanisms can be quantified and related to the macro-mixing of the gas 

phase using physically based models.  

2.4 Mass Transfer 

The gas-liquid mass transfer, in particular the liquid side gas-liquid mass transfer, can be the 

limiting step in reaction systems performed in bubble columns (Deckwer, 1992). Although 

the mass transfer may not be controlling in some cases, the volumetric gas-liquid side mass 

transfer was found to be reduced significantly in larger columns (Vandu and Krishna, 2004) 

and hence becomes a concern during reactor design and scale-up. Therefore, the knowledge 

of mass transfer rates in bubble columns is essential for determining of the maximum overall 

rates that can be supported in the heterogeneous flow regime.  

 

In bubble columns application, the species concentration in the gas films are high enough to 

prevent partial pressure of the liquid in the gas phase from imposing any resistance to 

transport (Behkish, 2004), and hence the gas-side mass transfer resistance can be safely 

neglected (Deckwer, 1992). Consequently, the main resistance to the rate of mass transfer in 

bubble columns is the gas-liquid mass transfer. The total mass transfer flux depends also on 

the available interfacial area. Therefore, the estimation of the overall volumetric mass 

transfer coefficient, kLa, at different process conditions necessitates the knowledge of the 
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effect of operating conditions and equipment configuration and scale on the gas-liquid mass 

transfer coefficient, kL, and the interfacial area.  

 

The effect of various parameters on kL and kLa has been extensively studied in the literature 

(Voyer and Miller, 1968, Akita and Yoshida, 1973, Deckwer and Zoll, 1974, Vermeer and 

Krishna, 1981, Letzel and Krishna, 1999, Vandu and Krishna, 2004, etc). These studies have 

focused on measuring the global (i.e. reactor average) mass transfer parameters including kLa, 

interfacial area, a, and kL at various operating conditions and physical properties of the gas 

and liquid phases. However, all of these studies were carried out in columns without 

internals. Generally, these studies showed that there are a number of parameters that are 

directly related to mass transfer, including gas holdup, interfacial area, turbulent intensity, 

bubble size and bubble rise velocity. These parameters are complex functions of the physical 

properties of the gas and liquid phases, gas sparger, reactor geometry, and the operating 

conditions, including pressure, temperature, and superficial gas velocity, as shown in Figure 

2.3. The general applicability of individual pieces of information collected from the open 

literature on mass transfer studies is rather limited, and the recommendations presented by 

respective authors must be viewed with caution. This is a result of the complex nature of 

gas-liquid systems, which causes the relationships between the phenomena of bubble 

coalescence and break up in bubble swarms and the pertinent fundamental hydrodynamic 

parameters of bubble columns to remain poorly understood.  

 

 
Figure 2.3 - Relationship between different parameters that affect kL and kLa 
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Experimental techniques used for measuring mass transfer in bubble columns include 

chemical and physical methods. Chemical methods were introduced by Danckwerts (1966) 

and propagated by Alper et al. (1980 and 1984). These methods are not currently used to 

determine mass transfer coefficients, since they are subject to many uncertainties and may 

even alter the system’s physicochemical properties leading to the estimation of  kLa values 

specific to the system used but not pertinent to the system of interest. Physical methods are 

more popular; however, they require the knowledge of the hydrodynamic and mixing 

behavior at same operating conditions to accurately quantify the values of kLa. Deckwer 

(1992) showed that the assumption of ideal flow patterns (CSTR and PFR) for the 

quantification of mixing in both phases leads to the estimation of erroneous values of kLa. 

For instance, the assumption of CSTR for the liquid phase leads to the estimation of 

minimum concentration difference between the equilibrium concentration and the actual 

liquid phase concentration, leading to the estimation of the maximum values of kLa. In 

contrast, the assumption of PFR for the liquid phase leads to an underestimation of the 

value of kLa. In addition, the tracer response curves used for kLa calculations are sensitive to 

the extent of mixing in the gas phase, which is usually neglected during mass transfer 

measurements. This is one of the reasons why different kLa data and correlations exhibit 

significant scatter among different studies, as shown in Figure 2.4. As a result, it is important 

to account for the mixing in both phases during the measurements of the kLa. This can be 

achieved by experimentally quantifying the hydrodynamic and mixing parameters at the same 

experimental conditions used for kLa measurement. 
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Figure 2.4 - Predictions of the liquid-side mass transfer coefficient, kL, in the 8-inch column by different 
correlations 

 
Numerous correlations have been proposed for the prediction of kLa in bubble columns. 

The vast majority of these correlations are empirical; however, some theoretical attempts 

have been also proposed (Higbie, 1953, Danckwerts, 1952, Kawase et al., 1987, and 

Kaštánek et al., 1993). The reader is referred to Kaštánek et al. (1993) for a more 

comprehensive review on the different models used to quantify kL and the interfacial area. 

Generally, most of the available kLa correlations are still partially empirical and may be not 

be applicable to all systems and conditions, and hence the validity of some of these theories 

and correlations should be examined in the presence of internals. Chapter 5 of this work will 

discuss the validity of these correlations using some of the developed kLa data in the 

presence of internals.  
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Chapter 3 - Modeling of  Gas Phase 

Velocity in Bubble Columns 

 

This chapter focuses on the investigation of the effect of internals on gas hydrodynamics at 

different conditions and on the development of a hydrodynamic model that predicts the gas 

velocity profile in bubble columns. The experimental data obtained in a laboratory scale and 

a pilot scale bubble columns operating under a wide range of conditions were used to 

validate the developed model predictions. 

3.1 Introduction 

Numerous models have been developed in the literature to simulate bubble column 

hydrodynamics. Most of them have focused on predicting the time-averaged liquid velocity 

profile (Ueyama and Miyauchi, 1979, Geary and Rice, 1992, and Kumar, 1994). 

Comparatively, little attention has been given to the prediction of gas velocity profiles 

(Gupta, 2002) mainly due to the scarcity of experimental data available for validating the 

model predictions. The absence of models that can predict the gas velocity profiles hinders 

our ability to understand the complete hydrodynamic picture in bubble columns, especially 

the mechanism and magnitude of gas phase mixing and their effects on the final conversion 

and productivity. Therefore, it is important to develop fundamentally based hydrodynamic 

models that predict the gas velocity profiles in bubble columns and to validate these models 

at different operating conditions. 

3.2 Research Objectives 

This work aims to advance the state of knowledge and improve the understanding of the gas 

phase hydrodynamics in multiphase reactors, especially bubble column reactors. With this 

overall objective in mind, the following specific tasks were set:  

 Investigate the effect of superficial gas velocity, internals, and column scale (diameter) on 

the gas velocity profile in bubble columns. 
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 Asses a 1-D hydrodynamic model to simulate the time-averaged gas phase velocity 

profiles in bubble columns and examine the effect of various closure correlations of 

mixing length and turbulent viscosity on the predicted gas velocity profile using the 

developed model.  

 Validate the model predictions using the experimental data obtained at different 

superficial gas velocities and at different scale (effect of column diameter and internals). 

3.3 Gas Velocity Experiments 

Table 3.1 lists the experimental conditions used in this work. Originally, two sets of internals 

were investigated with: 5% and 22% occluded CSA. However, the 5% configuration had a 

negligible effect on the gas hydrodynamics compared to that in columns with no internals, as 

was shown by Youssef (2010), and hence these results are not discussed here. The 

configurations of the 5% and 22% internals in the 8-inch column are shown in Figure 3.1. 

 

Table 3.1 - Experimental conditions of the gas velocity measurements 

Exp # D (cm) Internals Ug  (cm/s) 
Based on the free CSA 

HD (cm) 

1 19.00 No Internals 20 190 

2 19.00 No Internals 30 190 

3 19.00 No Internals 45 190 

4 45.00 No Internals 20 267 

5 45.00 No Internals 30 267 

6 45.00 No Internals 45 267 

7 19.00 22 % Internals 20 190 

8 19.00 22 % Internals 30 190 

9 19.00 22 % Internals 45 190 

 

In the 8-inch and the 18-inch columns, the superficial gas velocity, Ug, ranged from 20 to 45 

cm/s covering the churn turbulent regime which is the regime of interest for chemical 

industrial processes that require high productivities such as F-T synthesis. In addition, in all 

the experiments presented in this work, the superficial gas velocity was based on the free 

cross-sectional area of the column in order to accurately account for the effect of internals. 

In all experiments, the gas phase, compressed air, was introduced at the bottom of the 
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column through a perforated plate with holes arranged in triangular pitch, with a total free 

area of 1.09%, while tab water was used as the liquid phase in a batch mode.  

 

 

Figure 3.1 - Configuration of internals in the 8-inch column 
  

In this work, the 4-point optical probe was used to measure the radial gas velocity profile at 

different operating conditions. The details of how the gas velocity profile is obtained from 

the 4-point optical probe and the validation of the optical probe technique were shown by 

Xue (2004). In summary, the 4-point optical probe measures the instantaneous velocity 

vector of individual bubbles, their chord length and interfacial area. The 4-point optical 

probe can be placed facing downwards to measure the bubble dynamics of bubbles moving 

upwards, and facing downwards to measure the bubble dynamics of bubbles moving 

downwards. The probe data can then be analyzed to calculate the axial components of 

individual bubble velocities. In this work, the axial velocity of the gas phase at a given radial 

location is assumed to be equal to the mean axial bubble velocity at that location, defined as 

the time-averaged axial velocity of bubbles moving upwards and downwards. This 

assumption has been used by Deen et al., (2000) who measured the individual bubble 

velocities using PIV technique and averaged them to get the axial gas velocity profile. Later, 

Deen et al. (2001) employed a 3-D CFD model based on the Large Eddy Simulation (LES) 

in an Euler-Euler framework to simulate bubble columns. In their simulations, they showed 

that they were able to predict the axial gas velocity and the axial gas velocity fluctuations. 

This presents strong evidence that the average axial velocity of individual bubbles represents 

 

5% occluded area 
Circular pitch: 2 concentric bundles of 4 and 

7 cm radius (12 rods) 
(Same as MeOH synthesis) 

 

22% occluded area 
Triangular pitch = 2.4 cm (48 rods) 

(In the range of percentage of Fischer-Tropsch 
Synthesis) 
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the ensemble-averaged gas velocity in the Euler-Euler two-fluid model (Drew and Passman, 

1998) used in the modeling of bubble columns. Moreover, Sokolichin et al. (1997) showed 

that the Lagrangian motion of the dispersed gas bubbles can be represented by the Eulerian 

approach if the gas phase equations were adequately discretized.  

3.3.1 Results 

The effect of superficial gas velocity based on the free cross-sectional area, Ug, on the time-

averaged gas velocity profile in the laboratory scale 8-inch column is shown in Figure 3.2. In 

the column center, gas flows upward at velocities much higher than the liquid velocities 

(Kumar, 1994 and Degaleesan, 1997). In the region close to the wall, gas flows at much 

lower velocities, and in some extreme cases it can move downwards similar to the liquid 

velocity profile. Figure 3.2 also shows that the increase in Ug causes an increase in the gas 

circulation (proportional to the difference between the center-line gas velocity and the near-

wall gas velocity), which is the same trend reported by Xue (2004) and Wu (2007). Many 

authors have reported the same effect of Ug on the liquid velocity profile (e.g: Degaleesan, 

1997 and Ong, 2003), which suggests that the liquid velocity profile has a strong effect on 

the gas velocity.   

 

In order to understand the effect of different operating conditions on the gas velocity 

profile, one should analyze the components of the local gas velocity. The gas velocity at any 

given location depends on two main factors: the local liquid velocity, ul, and the local slip 

velocity, us, at that location: 

  ( )    ( )     ( )  (3.1) 

The slip velocity is a function of a number of variables including local gas holdup, drag, 

bubble diameter, pressure drop, and gas and liquid physical properties. Gupta (2002) derived 

an expression for the local slip velocity from the gas momentum equation as: 

  ( )  √
   ( 

  
  

    )

     (    ( ))
 (3.2) 

where, db is the average bubble diameter, 
  

  
 is the axial pressure drop, CD in the drag 

coefficient, and εg(r) is the local gas holdup. 
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Figure 3.2 - Effect of superficial gas velocity (based on free cross-sectional area) on the gas velocity profile 

 

The increase in the superficial gas velocity leads to an increase in the liquid velocity, an 

increase in the bubble size and an increase in the gas holdup. All these effects cause an 

increase in the gas velocity profile, as evident from Equation (3.2). Section 3.4 provides more 

details on the effects of different variables on the gas velocity profile using the developed gas 

velocity model. 

 

The presence of internals was found to affect the shape of the gas velocity profile in bubble 

columns.  Figure 3.3 shows that the presence of internals that occupy 22% of the cross-

sectional area causes an increase in the centerline gas velocity, while there is a much lesser 

effect at the other radial positions. A similar trend was also reported for the liquid velocity 

profile by Bernemann (1989), Chen et al. (1999), and Forret et al. (2003), where the presence 

of internals was found to increase the steepness of the liquid velocity profile. The increase in 

the liquid velocity in the column center reported by other researchers is most probably 

caused by the observed increase in the centerline gas velocity in the presence of internals 

which is mainly due to the decrease in turbulent intensity in presence of internals (Chen et 

al., 1999, Forret et al., 2003, and Larachi et al., 2006). However, this effect is not 

straightforward, since the presence of internals also causes a decrease in the average bubble 

size, which one might expect to decrease gas velocity.  The experimental results show that 

the effect of the decrease in turbulent intensity outweighs the decrease in bubble diameter 

0

25

50

75

100

125

150

175

200

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9

L
o

ca
l 
ga

s 
v
el

o
ci

ty
 (

u
g,

z)
, 
cm

/
s 

Dimensionless radius (r/R),- 

EXP-45 cm/s-No Internals-8 Inch

EXP-30 cm/s-No Internals-8 Inch

EXP-20 cm/s-No Internals-8 Inch



 

40 

only near the column center, leading to an overall increase in the centerline gas velocity, 

whereas both effects seem to balance at the other radial positions. 

 

Figure 3.4 shows the effect of the column scale on the radial gas velocity profile. It can be 

clearly seen that the increase in the column diameter increases the steepness of the gas 

velocity profile, where the gas velocity increases in the column center and decreases near the 

column wall. In addition, Figure 3.4 illustrates that in the 18-inch column the gas starts to 

flow downwards in the wall region. These are expected results, although they have never 

been reported in literature, since the increase in the column diameter allows the formation of 

large bubbles that churn at higher velocities than in smaller diameter columns. 

 

The results shown in this section provide needed information on the time-averaged profile 

of the axial radial gas velocity that has not been studied systematically in the literature. The 

experimental data demonstrate that the gas velocity profile is significantly affected by the 

liquid velocity profile, turbulence, and column scale. The next section presents a simulation 

of the gas velocity profile in bubble columns using a simple but fundamentally based 

hydrodynamic model that takes into account all the previously mentioned variables. The 

experimental data presented in this section are used later to validate the model prediction.  

 

 
Figure 3.3 - Effect of internals on the gas velocity profile at different superficial gas velocities (based on the 

free cross-sectional area) 
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Figure 3.4 - Effect of column scale on the gas velocity profile at different superficial gas velocities (based on 

the free cross-sectional area) 

 

3.4 The 1-D Gas Recirculation Model 

A steady state 1-D two-fluid model is implemented to examine the ability of the existing 

correlations for eddy viscosity and mixing length, which are used in conjunction with the 

developed model to predict the experimentally measured gas velocity data obtained using the 

4-point optical probe. The details of the model derivation are given in Gupta (2002) and are 

reviewed in Chapter 2. 

 

In summary, the 1-D gas phase model is derived from the Euler-Euler two-fluid 

representation of the 1-D momentum balance equation for the gas and liquid phases (Drew 

and Passman, 1998). The liquid phase turbulence is closed either in terms of a turbulent 

viscosity correlation or a mixing length correlation. A number of investigators have reported 

similar approaches for modeling the liquid velocity profile (Ueyama and Miyauchi, 1979, Luo 

and Svendsen, 1991, Geary and Rice, 1992, and Kumar, 1994). In Gupta’s model, the 

momentum equations were extended to calculate the radial profiles of the time-averaged 

axial gas and liquid velocities. Furthermore, the model predicts the average bubble diameter 

by solving the mass balance equation of the gas phase. Figure 3.5 is a simplified diagram of 

the model. The model developed by Gupta (2002) was primarily used as a sub-model to 
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predict the radial gas velocity profile for a mechanistic gas mixing model; however, the 

predicted gas velocity was never validated using gas phase velocity data in bubble columns.  

 

The 1-D liquid-gas recirculation model requires as input the gas holdup radial profile and an 

eddy viscosity or mixing length correlation. The radial gas holdup profile was measured 

using the 4-point optical probe and fitted to the gas holdup equation developed by Kumar 

(1994) as follows:  

  ( )  
  ̃(   )

 
(   ( ) )

 

(3.3) 

The fitted parameters (  ̃, c, and m) were used as input parameters to the 1-D liquid-gas 

recirculation model.  

Figure 3.6 shows a typical experimental and fitted radial gas holdup profiles using equation 

(3.3) for experiments 1 to 3 as defined in Table 3.1. As shown in this figure, the empirical 

expression shown in equation (3.3) fits the radial gas holdup well.  

 

 
Figure 3.5 - Simplified diagram of the gas velocity model 

  

Model Equations 

ul(r) is obtained from: 
𝑑𝑢𝑙

𝑑𝑟
 𝑓(𝜇 𝑅 𝑣𝑡  𝜀𝑔 𝜆) 

where the radial position at which there is a maximum 

downward velocity , 𝜆,  is estimated by closing the 
liquid mass balance.  

𝑢𝑔(𝑟) is obtained from: 𝑢𝑔(𝑟)  𝑢𝑙(𝑟)  √
4𝑑𝑏( 

𝑑𝑝

𝑑𝑧
 𝜌𝑔𝑔)

 𝐶𝐷𝜌𝑙(  𝜀𝑔(𝑟))
 

where, db, the average bubble diameter is estimated by 
closing the gas mass balance. 
 

 

Input Parameters 

 Gas holdup 
profile (εg(r)) 

 Column 
diameter (R) 

 Superficial gas 
velocity (ug) 

 Mixing length / 
viscosity 
correlation 

 Drag coefficient 
 

Output 

 Liquid 
velocity 
profile (ul(r)) 

 Gas velocity 
profile (ug(r)) 

 Average 
bubble 
diameter (db) 
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Figure 3.6 - Fitted holdup profiles for experiments 1 to 3 

 
In this work, the drag coefficient (CD) correlation developed by Tomiyama et al. (1995) was 

used: 

      [
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(         

     ) 
 

 

  

   4
] 

 
(3.4) 

where,     (     )  
   , is the Eötvös number based on the bubble diameter and the 

liquid surface tension, and       |     |   
  is the bubble Reynolds number. Notably, 

the use of other drag coefficient formulations will not affect the predicted gas velocity 

profile. This is because when the model closes the gas phase mass balance by iterating for db, 

it is actually iterating for the ratio db/CD because CD is a function of db (Equations 2.14 and 

2.15). This means that the change in the value of CD will only affect the predicted value of db 

but not the ratio db/CD and hence, the gas velocity profile is not affected. Consequently, the 

use of any drag formulation that is based on the average bubble diameter will yield the same 

gas velocity profile and will only affect the predicted average bubble diameter or the 

predicted bubble size distribution. 

3.4.1 Effect of turbulent viscosity and mixing length closures 

The choice of a proper mixing length scale and turbulent viscosity correlation in bubble 

columns has been a topic for research for the last 50 years as these two approaches 

dominated the attempts to close the Reynolds stresses. The first approach is to propose a 

certain form for the turbulent kinematic viscosity,   , and use experimental data for the local 
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liquid velocity to fit an empirical constant in this form. Based on this approach, the shear 

stress is expressed as: 

     ( )   
  ( 

    )

 

     

 ( )
 
 

(3.5) 

The second approach is to use the Prandtl mixing length theory to represent the turbulent 

viscosity and use the experimental data for the local liquid velocity to estimate the value of 

the mixing length. Based on this approach, the shear stress is expressed as: 
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(3.6) 

Different researchers in the field developed numerous correlations for the turbulent 

viscosity.  The differences in the predicted magnitudes of turbulent viscosity by these 

correlations vary by as much as a factor of 6. Most of the correlations assume that the 

turbulent viscosity is a function only of column diameter (Miyauchi and Shyu 1970, Kojiima 

et al. 1980, Sekizawa et. al. 1983, and Ueyama and Miyauchi 1981). A few other researchers 

included the superficial gas velocity (Kawase and Moo-Young 1989, Miyauchi et al. 1981, 

and Riquarts 1981). All these correlations imply that the kinematic viscosity is constant over 

the entire flow field. Table 3.2 lists the existing eddy kinematic viscosity correlations used in 

this work.  

 
Table 3.2 - Eddy kinematic viscosity correlations 

 
The mixing length approach has been used by some researchers. Clark et al. (1987) and 

Devanathan et al. (1990) recommended the use of a single-phase length scale as measured by 

Nikuradse (Schlichting, 1979). Geary and Rice (1992) advocated the use of two different 

length scales depending on the origin of turbulence generation. For bubble induced 

turbulence, they defined the following relation for the mixing length in terms of the bubble 

diameter: 

Researcher Eddy kinematic viscosity correlations 

Miyauchi and Shyu, 1970               
   

Ueyama and Miyauchi, 1979                
Kojima et al., 1980                

   

Miyauchi et al.,1981               
   

 

Riquarts, 1981               
   

    
    

     

Sekizawa et al., 1983              

Kawase & Moo-Young, 1989           4    
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 ( )      ( )   ̅
 

(3.7) 

The local variation in the mixing length is accounted for by the presence of the local void 

fraction, while   ̅ acts as a normalizing factor so that the integral of the mixing length is 

equal to the bubble diameter. For wall generated turbulence, the authors suggested using 

Nikuradse’s single phase correlation. According to Geary and Rice (1992), the bubble scale 

dominates in small columns, while the single phase mixing length scale dominates in larger 

columns. 

 

Kumar (1994) proposed an empirical form for the radial profile of the mixing length and 

used data that covered a wide range of conditions in bubble columns to fit the proposed 

mixing length form as follows: 

   
    

     
 ̅̅ ̅̅ ̅̅ ̅̅ ̅̅

        
   |

     

  
|, and

 
(3.8) 

 ( )  
 (   )

(   ) 
  (   ) . (3.9) 

Kumar (1994) showed that there is no universal turbulent viscosity or mixing length 

correlation that is able to predict liquid velocity data developed at different operating 

conditions and that all the existing correlations are still unable to predict the effects of scale-

up on turbulent viscosity under a wide range of conditions. This was mainly attributed to the 

inconsistent nature of the data base used to develop these correlations. 

 

In this work, Nikuradse’s mixing length was used to establish the upper bound of the 

predicted gas velocity since it was developed for single phase turbulence, Kumar’s mixing 

length was used since it was developed based on a wide range of data covering different 

column diameters and superficial velocities similar to the ones used in this work, and finally 

Joshi’s mixing length was used due to its popularity among researchers in the field.  Table 3.3 

lists the existing mixing length correlations used in this work. 

 

Researcher Mixing length 

Nikuradse ( Schlichting, 1979)  ( )  (         ( )      ( ) )  

Kumar (1994)  ( )  
 (   )

(   ) 
  (   )  
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Table 3.3 - Mixing length correlations 

 
In order to assess the predictive capabilities of different turbulent viscosity and mixing 

length closures, correlations shown in Tables (3.2) and (3.3) were used as input to the gas 

velocity model, and the predicted radial gas velocity profile was compared to the 

experimental data.  

 

Figure 3.7 and Figure 3.8 show the predicted radial gas velocity profile for different turbulent 

viscosity and mixing length correlations for experiment 2 (as defined in Table 3.1). The 

significant variation of the predicted profiles for different turbulent viscosities with respect 

to the measured data is obvious from Figure 3.8. It is evident that the only kinematic 

viscosity correlations that match the experimental data within deviations comparable to a 

reasonable experimental error are the ones developed by Kawase and Moo-Young (1989) 

and Riquarts (1981).  Notably, these correlations are the only ones that incorporate the effect 

of superficial gas velocity in their estimates of turbulent viscosity. All the other correlations, 

which are a function of the diameter only, always lead to an over-prediction of the gas 

velocity. This indicates that they under-predict the value of the turbulent viscosity, most 

probably due to their failure to account for the extra bubble-induced turbulence at higher 

superficial velocities.  

 

 
Figure 3.7 - Model predictions using different mixing length correlations 
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Figure 3.8 - Model predictions using different kinematic viscosity correlations 

 

3.4.2 Effect of Internals 

The presence of internals affects the liquid and gas velocity profiles because it affects gas 

holdup, bubble size and the turbulent intensity in the system (Youssef, 2010). Two 

competing factors affect the gas velocity profile in the presence of internals. On the one 

hand, the presence of internals causes an increase in the gas holdup, which decreases the area 

available for liquid flow causing an increase in the liquid circulation. The increase in the gas 

holdup also increases the area available for gas flow, which causes a decrease in the gas 

velocity. In addition, the presence of internals causes an increase in the shear stress in the 

bubble column, which increases the rate of bubble breakup leading to the formation of 

smaller bubbles that travel at slower velocities. On the other hand, the presence of internals 

decreases the turbulent intensity which causes an increase in the steepness of the gas and 

liquid velocity profiles. Several researchers have shown that the presence of internals 

increases the centerline liquid velocity and increases the steepness of the liquid velocity 

profile (Bernemann, 1989, Chen et al. 1999, and Forret et al., 2003). In this work, a similar 

trend was observed for the gas velocity profile, where the centerline gas velocity was found 

to increase in the presence of internals, as shown in Figure 3.3.  

 

In order to simulate the effect of internals in the developed model, one needs to account for 

the decrease in the turbulent intensity caused by the presence of internals. Since the only 

parameter that quantifies the turbulent intensity in the current model is the mixing length, it 
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was proposed to modify the column diameter used in calculating mixing length, by 

multiplying the column diameter by the % free area:  

     
    (    )

 
(3.10) 

where OA is the fraction of the area occupied by internals and DFree is the modified column 

diameter in the presence of internals, which will be used in the calculation of the mixing 

length correlations. This simple relation indicates that the mixing length being proportional 

to column diameter will decrease in the presence of internals, which is valid physically since 

the presence of internals will dampen the large turbulent eddies causing a decrease in the 

turbulent fluctuations, which are directly proportional to the mixing length from the Prandtl 

mixing length theory. This relation also assumes that the decrease in the turbulent intensity is 

proportional to the % occluded area by internals. This assumption was validated by the work 

of Bernemann (1989) on liquid velocity profiles. It is important to note that the objective of 

this work is to test the capability of the developed model to match the experimentally 

observed trends in the gas velocity profile in the presence of internals and not to find the 

best correlation that fits the data. The ability of the developed 1-D model to predict the gas 

velocity profile in the presence of internals is shown in Figure 3.9. Similar trends were also 

observed for all the other experiments in this work. The capability of the model to account 

for the presence of internals using the modified mixing length was investigated by 

comparing the model predictions to the experimental data at different superficial gas 

velocities, as shown in Figure 3.10 

 

 
Figure 3.9 - Model predictions vs. experimental data in the presence of internals using different mixing length 

correlations 
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In addition to the prediction of the gas velocity profile, the model also provided some 

insight into the hydrodynamics of both phases, some of which were experimentally observed 

by other researchers. Based on the model simulations, the following effects are expected in 

the presence of internals:  

 The pressure drop decreases due to the increase in the overall gas holdup (at the 

same superficial gas velocity). 

 At the same superficial gas velocity, the model predicts a higher centerline liquid 

velocity and a steeper liquid velocity profile in the column with internals. These 

results qualitatively match the experimental results reported by Berneman (1989), 

Chen et al. (1999), and Forret et al., (2003) and the CFD model results of Larachi et 

al. (2006)). This effect is due to the decrease in the liquid holdup and turbulent 

intensity in the presence of internals. Unfortunately, no experimental data is available 

to quantitatively validate the predicted liquid velocities in this work. 

 At the same superficial gas velocity, a decrease in the predicted average bubble 

diameter and in the average slip velocity is predicted in column with internals. This is 

due to the increase in the local liquid velocity profile which forces the model to 

predict smaller values for the slip velocity needed to satisfy the overall gas continuity.  

 The drag coefficient is not affected significantly by the presence of internals. 

Although the decrease in the bubble diameter and in the slip velocity causes a 

decrease in the drag coefficient, the drag formulation of Tomiyama et al. (1995) used 

in this work is not a strong function of the slip velocity and of the bubble diameter, 

especially at high Eötvös numbers. While the presence of internals is expected to 

increase the drag on the bubbles due to the increased wall surface area, the drag also 

decreases due to the decrease in the bubble size. Based on model predictions, the net 

result seems to be an overall unaffected drag.  

 

In summary, the model is able to match the experimentally observed trends in the gas 

velocity profiles in the presence of internals using the modified mixing length. Figure 

3.10 shows the comparison between the model predictions and the experimental data for 

experiments 1, 3, 7, and 9. 
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Figure 3.10 - Model predictions vs. experimental data in the presence of internals at different superficial gas 

velocities (based on the free cross-sectional area) 

3.4.3 Effect of Scale 

The column scale, within the two column diameters investigated in this work, was found to 

have a strong effect on the gas velocity profile, as shown in Figure 3.4. The available gas 

velocity data from columns of two different scales were used to further asses the capability 

of the developed model to account for the effect of scale on the gas velocity profile. Figure 

3.11 shows the comparison between the experimental data and model predictions at 30 cm/s 

in the 18-inch column. Figure 3.12 shows the comparison between the model predictions 

and experimental data at different scales for different superficial gas velocities. It is evident 

from these figures that the model is able to capture the effect of scale. In fact, the model 

predictions fit the experimental data in the large-scale column better than in the small-scale 

column. The model also predicts an increase in the liquid circulation with the increase in the 

column scale, which was experimentally validated by many researchers in the field 

(Bernemann, 1989, Kumar, 1994, Degaleesan, 1997, etc). The increase in column diameter 

causes an increase in liquid circulation and in turbulent intensity. This consequently leads to 

the observed increase in gas circulation. Moreover, as mentioned earlier, the increase in the 

column diameter allows the formation of larger bubbles which churn at higher velocities in 

the column center.  
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Figure 3.11 - Model predictions vs. experimental data in the 18 inch column 

 

 
Figure 3.12 - Model predictions vs. experimental data in different scale columns at different superficial gas 

velocities (based on the free cross-sectional area) 

3.5 Remarks 

In this chapter, the effects of superficial gas velocity, internals, and column scale on the gas 

velocity profiles in bubble columns were investigated. It was shown that these variables have 

a strong effect on the gas velocity profile. In order to better understand how these variables 

affect the gas velocity profile, a gas velocity model that takes all these variables into account 

was assessed and validated using the available experimental data. This model was shown to 
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provide, for the first time, confident means for predicting the gas velocity profiles under 

different operating conditions in the churn turbulent regime. The main conclusions of this 

chapter can be summarized as follows: 

 

 The experiments showed that the steepness of the gas velocity profile was affected by 

the superficial gas velocity, internals, and column diameter. The increase in superficial 

gas velocity caused an increase in the steepness of the gas velocity profile and an increase 

in gas circulation.  

 The presence of internals was found to increase the centerline gas velocity, while the 

increase in the column diameter significantly enhanced gas circulation both in the 

presence and the absence of internals.  

 Simulations using the 1-D gas velocity model provided good predictions of the gas 

velocity profile when a proper closure for turbulence was used in the model equations. 

The gas velocity model simulations indicated that the mixing length correlations were 

able to better predict the gas velocity profile, where Kumar’s mixing length was found to 

be the best mixing length correlation to fit the gas velocity data in this study. The gas 

velocity model was capable of simulating the gas velocity profile at different operating 

conditions and different column diameters both in the presence and the absence of 

internals.  

 The ability to predict the gas velocity profiles either in the presence of internals or for 

different column diameters enhances the understanding of the gas hydrodynamics and its 

effect on gas mixing and mass transfer, which will eventually improve the predictions of 

conversion and selectivity. In the next chapters, the importance of the knowledge of the 

gas velocity profile is illustrated by integrating the gas velocity sub-model predictions 

with a 2-D gas mixing model to predict the extent of gas phase mixing in bubble 

columns with and without internals. 
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Chapter 4 - Gas Mixing in Bubble 

Columns: Experiments and Modeling 

In this chapter, the effect of superficial gas velocity, internals, and column scale on gas phase 

mixing is investigated using a well-developed gas tracer technique. The intent is to couple the 

experimentally obtained residence time distribution (RTD) of the gas phase at different 

conditions with the gas velocity profile measured at the same conditions to quantify the 

contribution of different mixing mechanisms to the overall axial gas mixing based on  a 2-D 

convection diffusion gas mixing model.  

4.1 Introduction 

Gas phase mixing is one of the important hydrodynamic parameters to be considered in the 

scale-up of bubble columns, as it significantly affects reaction rates and product selectivity 

(Deckwer, 1976). The extent of gas phase mixing is a complex function of the superficial gas 

velocity, liquid phase properties, and reactor geometry. As mentioned earlier, there are no 

public records of gas tracer studies in bubble columns with vertical internals, and only very 

limited tracer studies in bubble columns in general have been reported. Previous work on the 

effect of internals has shown that their presence affects the hydrodynamics of liquid and gas 

phases, extent of liquid mixing, bubble dynamics, and turbulent intensity. All these effects 

are expected to significantly affect the extent of gas phase mixing. Therefore, this work 

addresses the effect of internals on the overall axial gas mixing. As mentioned in chapter 2, 

the extent of the overall axial gas phase mixing can be quantified by the dimensionless 

variance of the RTD curve of the gas phase at the column exit or by the corresponding value 

of the axial gas Péclet number (Pe) calculated at the column exit.  
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Figure 4.1 - Predictions of the axial dispersion coefficient, Dg, in the 8-inch column by different correlations 

 

In addition to paucity of experimental data on gas phase mixing in bubble columns with 

internals, there is also a lack of fundamental understanding of the effects of different 

variables on gas phase mixing. This often leads to the development of correlations for gas 

phase mixing, which are not based on rational physical models. The net result is that such 

correlations are unreliable as can be clearly seen from the significant discrepancies in 

predictions of different correlations for the axial dispersion coefficient of the gas phase (Dg), 

especially at high superficial gas velocities (Figure 4.1). In order to accurately simulate the gas 

phase mixing, one needs to account for the dominant mixing mechanisms that control gas 

phase mixing and understand the effect of the change in operating conditions on these 

mechanisms. This work attempts to simulate the gas phase mixing using a 2-D convection 

diffusion model, which is expected to better quantify the effects of convective mixing and 

turbulent dispersion. 

4.2 Objectives 

The above brief overview indicates that there is a lack of understanding of gas phase mixing 

in bubble columns especially in the presence of internals. Therefore, the main objective of 

this chapter is to enhance this understanding by:  

 Investigating the effect of vertical cooling internals on the extent of the overall axial 

gas phase mixing by measuring the values of the axial dispersion coefficient of the 

gas phase (Dg) and the corresponding axial gas Péclet numbers (Pe) at different 
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superficial gas velocities and different column scales (diameters) using a well-

developed gas tracer technique. 

 Developing a gas phase mixing model that accounts for the contribution of 

convective mixing and turbulent dispersion on the axial mixing of the gas phase and 

using this model to understand the effect of different operating conditions on the 

turbulent mixing parameters.  

 Relating the axial gas dispersion coefficient to the key fluid dynamic parameters, 

determining these parameters experimentally, and establishing the effect of operating 

conditions on such parameters and on the axial gas dispersion coefficient. 

4.3 Gas Phase Mixing Experiments 

4.3.1 Experimental Setup 

Table 4.1 shows the experimental conditions used in this work to study the effect of 

superficial gas velocity, internals, and column diameter on the gas phase mixing. In the 8-

inch lab-scale column, the superficial gas velocity ranged from 5 to 45 cm/s, which covers 

both the homogenous and the churn turbulent regimes, while in the 18-inch pilot-scale 

column, the superficial gas velocity ranged from 20 to 45 cm/s covering only the churn 

turbulent regime. In all experiments, the gas phase, compressed air, was introduced at the 

bottom of the column, while tab water was used as the liquid phase in a batch mode at a 

constant dynamic height.  

 

Table 4.1 - Experimental conditions of the gas tracer measurements 

Dc (cm) Internals (% CSA) Ug  (cm/s) HD (cm) 

19.00 (8 inch) No Internals & 22% Internals 5,10,15,20,25,30,35,40,45 190 

45.80 (18 inch) No Internals & 25% Internals 20,25,30,35,40,45 266 

* All experiments were carried out at ambient temperature and pressure using air-water system 

 

As mentioned in the previous section, in all the experiments done in this work, the 

superficial gas velocity, Ug, was calculated based on the free cross-sectional area of the 

column in order to address the effect of the internals accurately and eliminate the effect of 

the decrease in the cross-sectional area resulting from the presence of internals. Thus, the 
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area used to calculate the superficial gas velocity in the presence of internals was determined 

as follows: 

     
 

4
(       

 ) (4.1) 

where    is the number of tubes and    is the diameter of each tube.  

4.3.2 Gas Tracer Technique 

A well designed gas tracer technique was used to measure the residence time distribution 

(RTD) of the gas phase (Han, 2007). The gas tracer unit consists of a gas analyzer, gas pump, 

and a PC with data acquisition software. The gas analyzer is a GOW-MAC 20 series binary 

analyzer, which contains a flowing reference thermal conductivity detector (TCD). A GOW-

MAC 59-300 pump was used to draw the gas sample out of the reactor to the TCD. The 

response from the TCD was amplified, converted to digital signals, and recorded as time-

series data at a sampling frequency of 10 Hz.  

 

The tracer technique used to measure the RTD in this study extends to the one developed 

by Han (2007). This technique offers an advantage over other gas tracer techniques since it 

yields an accurate estimation of the RTD of the gas phase because it accounts for the extra 

dispersion that occurs due to the non-ideal tracer injection and extra dispersion in the 

plenum, sampling lines, and analysis system. The gas tracer injection at the plenum inlet does 

not create a perfect delta function for an impulse injection (or an ideal step in the step 

change method) at the plenum outlet, which is the input boundary for the reactor, due to the 

mixing of the gas phase in the plenum. Similarly, due to the dispersion in the sampling lines, 

analytical components, and space above the dynamic liquid surface (disengagement zone), 

the response measured by the gas detection system does not represent the actual tracer 

response at the reactor disengagement level which is the gas outlet of the gas-liquid mixture 

in the reactor. In order to compensate for these extra dispersion effects, a convolution 

method was applied (Levenspiel, 1972) by which the response of the actual system of 

interest is convoluted with the response of the extraneous components to yield the measured 

response. Some studies have employed similar methods to account for the extra dispersion 

in the sampling lines and analytical system (Joseph et al., 1984, Wachi et al., 1990, Shetty et 

al., 1992, and Kantak et al., 1995). However, none of them accounted for the extra 
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dispersion in the plenum and the non-ideal tracer injection. Neglecting these end effects 

usually leads to a distortion in the experimental results (Kaštánek et al., 1993) and inaccurate 

RTD measurements, resulting in findings and correlations limited to the experimental 

conditions of the particular studies. 

 

The gas tracer technique (Han, 2007) involves two injecting ports and three sampling ports, 

as shown in Figure 4.2. The tracer was injected at the center of the inlet gas line (I1) and at 

the gas-liquid disengagement surface (I2), while the sampling was done at: 1) the gas inlet 

(S1, view A, Figure 4.1) close to port I1, 2) the pores of the gas distributor (S2), and 3) the 

neck of the collecting cone above the disengagement surface (S3). The collecting cone 

covered about half the cross-sectional area of the column to get a radially averaged response 

at the column exit. The RTD was measured at different radial positions at the disengagement 

level (by moving the cone radially) in both the homogenous and heterogeneous regimes. 

However, there were negligible differences in the responses obtained at different radial 

positions, confirming that a cup mixing average sample was always achieved.  

 

The pulse input of the tracer was introduced to the plenum using a solenoid valve controlled 

by digital timers (injecting time 0.1 s). Gas was sampled continuously at the indicated 

sampling ports through thin nylon tubes (1/16” inner diameter) under a vacuum generated 

by a vacuum pump. Using the pre-mentioned injection and sampling ports, four 

measurements (i-iv) were conducted at each experimental condition. Table 4.2 shows the 

different ports of tracer injection and gas sampling used for the four measurements and the 

gas dispersion effects associated with each measurement (Han, 2007). Finally, gas phase axial 

dispersion was determined by model fitting and a convolution method, as discussed in the 

next section. 
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Figure 4.2 - Schematic diagram of the gas tracer experiment 

 
Table 4.2 - Different ports used for tracer injection and gas sampling 

Measurement Tracer injection Sampling 
location 

Dispersion zones measured 

C(i) I1 S1 Sampling/analytical system 

C(ii) I1 S2 Plenum + sampling analytical system 

C(iii) I2 S3 Sampling/analytical system 

C(iv) I1 S3 Plenum + reactor + sampling/analytical system 

I1, I2: Injection ports; S1, S2, S3: sampling ports. All locations indicated in Figure 4.2 
* Table from Han (2007) 

 

It is important to note that the application of the convolution method is valid only when the 

sub systems are completely independent, which means that there is practically no back-

mixing between them (i.e. convective unidirectional flow dominates at the boundaries 

between the sub systems). This assumption was checked at the entrance boundary between 
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the plenum and the reactor by calculating the orifice Reynolds number. The orifice Reynolds 

numbers in the 8-inch and the 18-inch columns ranged from 3,600 to 126,000 which means 

that the distributor operates in the jetting regime (Degaleesan, 1997). This indicates that the 

flow through the distributor holes is unidirectional and there is no possibility of back-mixing 

of the tracer to the plenum. This argument was also investigated experimentally by injecting 

the tracer, at different experimental conditions, just above the plenum and measuring the 

tracer concentration inside the plenum (Figure 4.3(a)). These experiments showed that there 

was no back-mixing of the tracer through the distributor holes. The same experiments were 

repeated at the column exit to ensure the validity of the convolution method at the exit 

boundary. This was done by injecting the tracer at the sampling point and measuring the 

tracer concentration at the liquid surface (Figure 3.4 (b)). Similar to the entrance boundary, 

no tracer was detected at the liquid surface, which indicates the absence of back-mixing 

between the two convoluted systems. This was made possible because the collecting cone 

was designed to be open at the top to keep a high gas flow rate passing through it, 

preventing any back-mixing of the tracer. 

 

In this work, some modifications were implemented to improve the accuracy of the gas 

tracer technique. Firstly, the gas-liquid separator used by Han (2007) to prevent the liquid 

traces in the sampling line to the detection system was removed because there was 

significant mixing in this separator due to the low flow rate of the tracer through the 

separator. This mixing in the gas-liquid separator causes uncertainties in the parameter 

estimation since the variance of the RTD of the separator is comparable to the variance of 

the RTD of the bubble column itself. The flow of liquid to the detection system was 

prevented by carefully monitoring the sampling lines visually during the experiment. The 

vacuum pump was stopped momentarily if any liquid trace was observed in the sampling 

lines. The second modification was to place the detection system close to the column exit. 

This insured that the mean residence time and variance of the tracer in the sampling lines 

were as small as possible. The implementation of these modifications caused a significant 

reduction in the mean residence time and the variance of the sampling and analytical 

systems. In all of the gas tracer experiments carried out in this work, the variance of the 

RTD of the plenum, sampling lines and analytical system (measurement C(ii)) was always 
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less than 20% of the variance of the RTD of the whole system (measurement C(iv)) which 

allows more accurate estimation of the extent of gas mixing in the column.  

 

          

Figure 4.3 - Validation experiments for the gas tracer technique 

4.3.3 Data analysis 

The experimentally measured RTD was analyzed using a 1-D, axial dispersion model to 

estimate the value of the axial dispersion coefficient (Dg). The obtained value of Dg and the 

corresponding axial gas Péclet number provided the quantification of the extent of the 

overall axial gas dispersion at that particular operating condition.  

 

In this work, the tracer input to the column was not modeled as a delta function. The input 

to the axial dispersion model, at the gas distributor boundary, was rather modeled as the 

output response of the plenum to the pulse input of the tracer at the plenum boundary. The 

details of the model formulation are shown below. 

a) Plenum:  

The gas distributor plenum was modeled as a CSTR. The output response of the 

plenum,    , was used as the input concentration to the bubble column. Pulse injection to 

the plenum can be represented by:  

     

  
  

 

  
      (4.2) 

where τp is the residence time of the gas phase in the plenum and is obtained by regression. 

The solution of equation (4.2) is shown in equation (4.3), with initial condition     ( )  

     used as the input to the reactor model.  

(a) (b) 
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 (

 

  
)
. (4.3) 

Measurements (i) (I1-S1) and (ii) (I1-S2) in Table 4.2 represent the dispersion in the injection 

lines and analytical systems and the dispersion in the plenum section plus the injection lines 

and analytical systems, respectively. In measurement (i) (I1-S1), the tracer input profile can 

be considered as an ideal pulse because the sampling tube S1 was placed very close to the 

injection nozzle (Figure 4.2, view A). Figure 4.4 shows an example of measurements (i) (I1-

S1) and (ii) (I1-S2), indicating that measurement (i) (I1-S1) has some apparent spreading 

which confirms that some dispersion occurs in the sampling lines and analytical system. 

Sampling lines from S1 and S2 had the same length and inner diameter and the gas velocity 

in both lines was fixed using a Rotameter in the analytical device. Hence, the dispersion in 

the sampling line from S1 can be considered identical to that of S2. The impulse response 

obtained from measurement (i) (C(i)) was convoluted with the CSTR model and the model 

prediction (C*in) was compared against measurement (ii) (C(ii)), where τp was optimized by 

minimizing the mean squared error in the time domain. The estimated values of τp ranged 

from 0.4-2 seconds and were always slightly higher (~5-15% higher) than the actual 

residence time of the gas phase inside the plenum which was calculated from the gas 

volumetric flow rate and the volume of the plenum. This indicates that the plenum deviates 

from the ideal CSTR performance. However, the CSTR assumption is considered the best 

approximation available for the mixing pattern in the plenum. Other models like PFR or 

ADM may introduce more significant errors if used and are not able to predict the RTD of 

the plenum. As shown in Figure 4.4, there is an acceptable fit between C(ii) and C*in, 

confirming that the CSTR approximation is able to predict the extent of gas mixing in the 

plenum. 
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Figure 4.4 - Normalized gas tracer concentration at the distributor with the CSTR model fit for the plenum 

 
b) Bubble column:  

A mass balance around a differential segment of the column, in the absence of chemical 

reaction and radial variations, yields the 1-D axial dispersion model, represented by:  

   

  
   

   

   
   

   

  
 (4.4) 

where the effect of mass transfer can be neglected under the conditions of this experimental 

study (Appendix 1). Danckwerts boundary conditions were used for the closed-closed 

boundaries, since there was a sufficient pressure drop across the gas distributor, and the 

cone covered most of the reactor cross-section at the outlet.  

               |
   

   
   

  
|
   

, and (4.5) 

    
   

  
|
   

  
 

(4.6) 

where Cg,p in equation (4.5) was obtained from equation (4.3) using the fitted τP. The initial 

condition is given by: t=0, Cg=0. The superficial gas velocity, Ug, was known from the 

controlled flow rate, and the overall gas holdup, εg, was measured by observing the overall 

dynamic bed expansion. Measurement (iii) (I2-S3) represents the dispersion in the sampling 

lines and analytical system at the column exit, and measurement (iv) (I1-S3) represents the 

dispersion in the bubble column plus all the sampling line and the analytical system. Using 
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Cg,p from equation (4.3), as the input tracer concentration, the reactor model yields an output 

profile Cout(t) at the disengagement level. The reactor response (Cout(t)) is then convoluted 

with C(iii) yielding the overall reactor model convoluted response (Cout*) : 

    
 ( )  ∫     ( 

 ) 
 

 

    (    )    (4.7) 

Cout* is the compared against the measured response of the whole system (C(iv)), where Dg 

was fitted by minimizing the mean squared error in the time domain, defined as: 

      
 

 
∑     

 (  )   (  )(  ) 
 

 

   

 (4.8) 

The convolution of C(iii) and Cout(t) is valid since both systems can be assumed ‘closed’ 

(independent) due to the high flow rate of the tracer at the cone neck, which eliminates the 

opportunity for back-mixing between the two convoluted systems as shown earlier in this 

chapter. Figure 4.5 shows the model fits of Cout* and C(iv) in both the 8-inch and the 18-inch 

columns, respectively.  

   
Figure 4.5 - Gas tracer response curves at the column outlet with ADM fit 

 

4.3.4 Effect of Internals on the Overall Axial Dispersion on the Gas 

Phase 

The major thrust of the gas tracer experiments is to illustrate the effect of Ug and internals 

on the extent of the overall axial mixing of the gas phase. In addition, some results related to 

the measurement of εg are also presented. In this study, εg was measured by recording the 
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dynamic bed expansion (εg= (HD-HS)/HD). Figure 4.6 shows the gas holdup measurements 

at different superficial gas velocities covering both the homogenous and churn turbulent 

flow regimes in the presence and absence of internals. On the basis of repeated 

measurements and uncertainties in the establishment of aerated dispersion column height, an 

average uncertainty of ± 5% is assigned to εg values. The average gas holdup was found to 

increase with the increase in Ug both in the presence and absence of internals. The presence 

of internals was found to increase the average gas holdup compared to columns with no 

internals. This result is similar to the findings obtained by other researchers (Roy et al., 1989, 

Pradhan et al., 1993, and Youssef, 2010) who carried-out their investigation in bubble 

columns using vertical tubes as internals. The presence of internals increases the rate of 

breakup of bubbles, leading to the formation of smaller bubbles which have a high residence 

time in the column, causing an increase in εg (Pradhan et al., 1993 and Youssef, 2010).  

 

  
Figure 4.6 - Average gas holdup at different superficial gas velocities (based on free cross-sectional area) and 

different column diameters in absence and presence of internals 

 

Figure 4.7 shows the effect of Ug and internals on the gas phase axial dispersion coefficient 

in the 8-inch and the 18-inch columns. Dg increased with increasing Ug in both columns in 

the presence and absence of internals, which is the same trend observed by other 

investigators (Towell and Ackerman, 1972, Field and Davidson, 1980, and Kantak et al., 

1995) in bubble columns without internals and reflected by different Dg correlations. The 

increase in Dg with increasing superficial gas velocity can be explained by investigating the 

causes of the overall axial gas dispersion, which lumps two distinct physical processes: large 

scale circulation and turbulent dispersion. The increase in Ug causes an increase in the large 
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scale gas circulation (just as it causes the increase in liquid circulation), leading to a further 

increase in the residence times of small bubbles in the column due to their longer 

entrainment by the circulating liquid (Kaštánek et al., 1993). In addition, the increase in Ug 

leads to an increase in the power input to the column, thus increasing turbulence, which 

causes the enhancement of turbulent dispersion in the column. 

 

Figure 4.7 also shows that the presence of internals reduces Dg significantly especially at 

higher superficial gas velocities in both the lab-scale (8-inch) column and the pilot scale (18-

inch) column. Such an effect has never been reported in the open literature. Furthermore, 

the increase in the Péclet number (Pe) values in the presence of internals suggests that the 

overall axial gas mixing is reduced in their presence as shown in Figure 4.7. 
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Figure 4.7 - Effect of superficial gas velocity (based on the cross-sectional area) on Dg and axial gas Pe values in 

the 8-inch and 18-inch columns with/without internals  

 

In order to interpret the effect of internals on the gas phase mixing, one needs to understand 

their effect on the hydrodynamic and turbulent parameters which affect the overall axial gas 

mixing. An analysis of the different mechanisms causing axial gas mixing is shown below, 

followed by a discussion of the effect of internals on each mechanism. 

 

 Axial gas mixing on the macro-scale is a resultant of: 

 Global convective recirculation of both liquid and gas phase, which is induced by the 

non-uniform radial gas holdup distribution. 

 Turbulent dispersion due to eddies generated by the moving bubbles. This is an 

overall contribution due to turbulence which consists of: 

o Large-scale fluctuations caused by large-scale eddies 

o Small-scale fluctuations arising from the entrainment of the liquid in the 

wakes of the fast rising bubbles 

 Molecular diffusion, which is negligible compared to the other factors especially in 

the churn turbulent flow regime 

 

In the axial dispersion model used to analyze the measured RTD data, all of the above 

mentioned mechanisms, which lead to macro-scale gas mixing, are lumped into a single 

parameter, Dg. Therefore, it is important to understand the effect of internals on each of 
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these mechanisms to comprehend their effect on the overall axial mixing. On one hand, 

earlier work showed that the presence of internals will cause an increase in the global liquid 

circulation (Chen et al., 1999, Forret et al., 2003, and Berneman, 1989). The enhancement of 

the circulation of the liquid phase suggests that there will be an increase in the overall axial 

mixing of the gas phase. On the other hand, the presence of internals was found to generally 

decrease the turbulence in the system including liquid turbulent dispersion coefficients (Chen 

et al., 1999), fluctuating velocity (Chen et al., 1999 and Forret et al., 2003), and turbulent 

kinetic energy (Larachi et al., 2006). The dampening of turbulence in the presence of 

internals suggests that there will be a decrease in turbulent dispersion and hence less overall 

axial mixing. The experimental results indicate that the second effect (decrease in turbulent 

dispersion) is more dominant than the increase in the circulation in presence of internals, 

leading to an overall decrease in the axial gas mixing as evident from the observed increase in 

the axial gas Pe values in the presence of internals. This result suggests that the overall axial 

gas mixing is mainly caused by turbulent dispersion. Section 4.4.4 analyzes this argument in 

details based on the 2-D model results.  

4.3.5 Effect of Scale on the Overall Axial Dispersion in the Gas Phase 

Figure 4.8 shows the effect of column diameter on the extent of the overall axial gas mixing 

in the absence and presence of internals. The increase in column diameter from 8 inch to 18 

inch causes a significant increase in Dg (~20-40% increase in the absence of internals and 

~35-75% in the presence of internals)) and a decrease in the Pe values, indicating an increase 

in the overall axial gas mixing. The same trend of dependence of Dg on the bubble column 

diameter was also reported by other investigators (Towell and Ackerman, 1972, Field and 

Davidson 1980, Mangartz et al., 1981, Joshi et al., 1982, and Wachi and Nojima, 1990) and is 

reflected by different Dg correlations. However, the quantitative dependence of Dg on the 

column diameter is different from the previous studies, mainly due to the experimental 

technique used for Dg measurements in this work which considered the extra mixing in the 

plenum. The increase in Dg is due to the increase in the gas circulation and the turbulent 

dispersion caused by the increase in the column diameter within the range of studied column 

diameters.  
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In order to support these arguments theoretically and have a more fundamental 

understanding of the dominant mixing mechanisms at different conditions, a 2-D 

convection-diffusion model was employed to quantify the effects of different mixing 

mechanisms on the overall axial mixing in bubble columns. This model allows us to 

determine the contribution of each mixing mode on the overall axial mixing. Although this 

model is used in this work for the gas phase mixing, it is also applicable to simulate the liquid 

phase mixing, provided that the correct parameters are used (Degaleesan and Dudukovic, 

1998). The derivation of this model is shown in section 4.4.4. 

 

  
 

  
Figure 4.8 - Effect of column diameter on Dg at different superficial gas velocities (based on free cross-

sectional area) in the absence and the presence of internals 

 

0

2000

4000

6000

8000

10000

12000

14000

16000

15 20 25 30 35 40 45

A
x
ia

l 
D

is
p

er
si

o
n

 c
o

ef
fi

ci
en

t,
 D

g, 
cm

2
/

s 

Superficial gas velocity (based on the free cross-
sectional area), Ug, cm/s 

No Internals-8 inch

No Internals-18 inch

0

1000

2000

3000

4000

5000

6000

7000

8000

9000

10000

15 20 25 30 35 40 45

A
x
ia

l 
D

is
p

er
si

o
n

 c
o

ef
fi

ci
en

t,
 D

g,
 c

m
2
/

s 

Superficial gas velocity (based in the free cross-
sectional area), Ug, cm/s 

22% Internals-8 inch

25% internals-18 inch

0

1

2

3

4

5

6

7

8

9

10

15 20 25 30 35 40 45 50

A
x
ia

l 
ga

s 
P

ec
le

t 
n

u
m

b
er

 (
P

e)
, -

  

Superficial gas velocity (based on the free cross-
sectional area), Ug, cm/s 

No Internals-8 inch

No Internals-18 inch

0

1

2

3

4

5

6

7

8

9

10

15 20 25 30 35 40 45 50

A
x
ia

l 
ga

s 
P

ec
le

t 
n

u
m

b
er

 (
P

e)
, -

  

Superficial gas velocity (based on the free cross-
sectional area), Ug, cm/s 

22% Internals-8 inch

25% Internals-18 inch

   
    

    

 



 

69 

4.4 Modeling of Gas Phase Mixing in Bubble Columns 

In this section a 2-D model for gas phase mixing in bubble columns is presented based on a 

fundamental description of mixing as dictated by the fluid dynamics in the column. The 

main motivation behind such a model is the absence of fundamentally based gas phase 

mixing models that can simulate the contribution of the convective mixing and turbulent 

dispersion to the overall axial gas phase mixing. The development and evaluation of such a 

model was made possible due to the availability of experimental data for the necessary input 

fluid dynamic parameters from the 4-point optical probe. 

 

The derivation of the model equations for a 2-D axisymmetric flow field is presented in the 

following section. The ability of the model to fit the experimental data at different operating 

conditions is then illustrated at two column scales in the presence and absence of internals.  

4.4.1 A 2-D Convective-Diffusion Model for Gas Mixing in Bubble 

Columns 

The fundamental two-fluid model mass balance equation for a local instantaneous species in 

phase k, is given by the following equation (Degaleesan 1997): 

     

  
                  (4.9)  

In the above equation, the phase density, ρk, for incompressible flows such as in bubble 

columns, can be considered constant. Dm is the molecular diffusivity, which is small 

compared to the turbulent diffusivity, especially in highly turbulent flows and will be 

neglected hereafter. Phasic averaging of the above equation in an axisymmetric system, for 

an inert, non-volatile or insoluble species, yields: 

 

  
(      )  

 

  
     (            
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      (            
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(4.10) 

Additional source terms can be added in   to account for reaction or mass transfer. Since 

the model is primarily concerned with the gas phase, the subscript “g” will be used instead of 

“k”. In addition, all symbols denoting the averaging are dropped, in order to simplify 

notation. For the present situation, where the gas tracer experiment described earlier is 
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simulated, an insoluble and inert gas tracer was used, and hence, the right hand side of 

equation (4.10) is set to zero.  

 

The cross-correlation terms between the fluctuating velocity and tracer concentration are 

closed using a standard gradient diffusion model (Hinze 1975, Tennekes and Lumly, 1971, 

Sienfield 1986), as: 

    
   

      

   

  
    

   

  
 (4.11) 

and 

    
   

      

   

  
    

   

  
 (4.12) 

Previous Computer Automated Radioactive Particle Tracking (CARPT) experiments showed 

that for the liquid phase, the non-principal diagonal terms are zero (Degaleesan, 1997): 

            (4.13) 

In this work, the same will be assumed for the gas phase. Therefore: 

    
   

      

   

  
 (4.14) 

    
   

      

   

  
 (4.15) 

where     and     are the local axial and radial turbulent diffusivities, respectively. This 

assumption is valid since the turbulent intensity in the gas and liquid phases are closely 

related because most of the turbulence in the liquid phase is induced by the wakes of the 

rising bubbles (Cui, 2005 and Qi and Shuli, 2008). This assumption was further validated 

from the turbulent intensity data of the gas and liquid phases as shown in section 4.4.5. 

Unfortunately, no experimental data are available for     and     for the gas phase. One 

would expect that there would be a radial dependence of     and     due to the non-

uniform radial distribution of turbulent intensity and relevant turbulent parameters. 

However, this claim has neither been confirmed experimentally nor quantified theoretically. 

Therefore, as a first step in checking the ability of the 2-D model to simulate gas phase 

mixing, the values of     and     are assumed constant over the cross-sectional area of the 

column and will be referred to as    
̅̅ ̅̅̅ and    

̅̅ ̅̅ . The 4-point optical probe data also showed 

that the ensemble-averaged radial bubble velocities, ug,r are negligible, and hence all the terms 
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containing ug,r can be dropped. Therefore the final form of the model equation for the 

distribution of the gas phase tracer is: 
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(4.16) 

Danckwerts boundary conditions were used at the inlet, standard zero flux boundary 

conditions were used at the wall and the center and a zero gradient were assumed at the 

outlet boundary. This final form represents the averaged transient 2-D convection-diffusion 

balance equation for an inert and insoluble gas species in the fully developed section of the 

column, which is the correct form to represent the gas tracer experiment described earlier. 

The various averaged hydrodynamic and turbulent quantities in the above model equation 

refer to long time-averaged quantities. The model inputs include the time-averaged radial gas 

holdup profile and the time-averaged gas velocity profile which were obtained from the 4-

point optical probe data as shown in Chapter 3. 

 

There is considerable experimental evidence in the literature, including results from CARPT 

and the 4-point optical probe, showing that in columns of high aspect ratios (L/D) the time-

averaged flow pattern is axisymmetric with global liquid and gas recirculation. This long 

time-averaged circulation exists in the form of a circulation cell that occupies most of the 

column, in which gas and liquid flow upwards in the core region and downwards in the wall 

region. In this circulation cell, a single 1-D velocity profile is always identified occupying the 

middle part of the column (fully developed flow region) in which all the hydrodynamic 

parameters are not a function of the axial position. However, axial variations are evident in 

the distributor and free surface region. Therefore, the computation domain was divided 

axially into three regions: a distributor zone at the bottom, a fully developed region in the 

middle, and a disengagement zone at the top. Based on experimental evidence (Degaleesan, 

1997 and Gupta, 2002), the distributor and disengagement zones in churn turbulent regime 

are assumed to extend over a height approximately equal to one column diameter. In these 

regions, the gas phase is assumed to be completely mixed. Varying the height of these zones 

from 0 to 2 times the column diameter does not affect the results significantly as long as the 

outlet concentration was adequately averaged (Equation 4.20).  
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The 2-D model was used to analyze the tracer responses for different cases in which 

experimental data are available to investigate the effect of superficial gas velocity, internals, 

and column scale on the axial and radial diffusivities in the gas phase. Based on the fitted 

values of    
̅̅ ̅̅̅ and    

̅̅ ̅̅ , and using fundamental mixing concepts, the contribution of different 

mixing mechanisms is assessed. 

4.4.2 Effect of Superficial Velocity and Internals on Gas Turbulent 

Diffusivities 

In this section, we assess the effect of superficial gas velocity on the radial and axial 

turbulent diffusivities of the gas phase. This is accomplished by changing the values of the 

axial and radial diffusivities to fit the model predictions to the experimentally measured 

tracer responses.  

 

In all experiments, the mode of operation was continuous with respect to the gas phase and 

batch with respect to the liquid phase. The appropriate boundary conditions for the model 

are:  

            
   

  
   

 

(4.17) 

            

   

  
       

 

(4.18) 

where Cin is the exit concentration from the plenum as shown in equation (4.3), and 

    
   

  
   

 

(4.19) 

A time step of 0.1 seconds, a radial grid size of 0.1 cm, and an axial grid size of 0.1 cm were 

found to be the acceptable discretizations. The model was solved to predict the radial and 

axial tracer concentration. The values of    
̅̅ ̅̅̅ and    

̅̅ ̅̅  were estimated by fitting the 

experimental RTD data to the predicted normalized exit mixing cup concentration, 

calculated as follows: 

     ( )  
∫   (     )  ( )    ( )   

 

 

∫   ( )    ( )  
 

 
 

 (4.20) 

Figure 4.9 shows a typical comparison between the fitted exit mixing cup concentration 

profile and the measured RTD of the gas phase at Ug of 20 cm/s in the 8-inch column with 
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no internals. Figure 4.10 shows the effect of the superficial gas velocity on the axial and 

radial turbulent diffusivities in the presence and absence of internals.  

 

 
Figure 4.9 - Gas tracer response with 2-D model fit 

 

As can be seen from Figure 4.10, the values of the axial and radial diffusivities increase with 

increasing the superficial gas velocity and decrease in the presence of internals. It should be 

noted that, to the best of the author’s knowledge, such results have not been previously 

reported in the literature either quantitatively or qualitatively.  

 

The turbulent eddy diffusivity can be expressed in terms of a turbulent length scale and a 

mean fluctuating velocity as shown by Franz et al. (1984): 

      
√  

   (4.21) 

      
√  

   (4.22) 

The significant increase of the axial turbulent diffusivities with the increase in the superficial 

gas velocities especially in the column with no internal is due to the increase in turbulence at 

higher superficial gas velocities. This causes an increase in the root means squared (RMS) 

axial fluctuating velocities and possibly in the axial mixing length scale. The radial turbulent 

diffusivities in columns with no internals are much smaller and tend to an asymptotic value 

with increased superficial gas velocity. Clearly, the turbulence is not isotropic and mixing 
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length in the radial direction are much smaller than in axial. The same result was shown by 

Degaleesan (1997) for the liquid turbulent diffusivities using CARPT data. 

 

     
Figure 4.10 - Effect of superficial gas velocity and internals on the cross section average axial and radial 

turbulent diffusivities 

 

The decrease in both axial and radial the turbulent diffusivities in the presence of internals is 

evident from Figure 4.10 and can be attributed to the fact that internals dampen turbulence, 

as shown in the work of Chen et al. (1999) and Larachi et al (2006). Chen et al. (1999) also 

found that the presence of internals causes a decrease in the liquid turbulent diffusivities and 

a decrease in the fluctuating velocity (also noted by Forret et al., 2003). This result is 

supported by fundamental arguments since the presence of vertical internals will bound the 

maximum bubble size, decreasing the bubble-induced turbulence. In addition, the physical 

presence of internals breaks the large turbulent wakes, causing them to be less energetic, and 

dampens large turbulent eddies. Moreover, the presence of internals presents additional 

restrictions to the bubble-induced eddies in the radial direction, causing a significant decrease 

in the radial mixing length scale. All these effects lead to a decrease in turbulence and 

turbulent-related parameters in presence of internals including the turbulent gas diffusivities. 

4.4.3 Effect of Scale on Gas Turbulent Diffusivities 

The confident scale-up of bubble columns requires good understanding of the effect of the 

column diameter on turbulent mixing parameters. In this work, the effect of column 

diameter on the turbulent gas mixing parameters was studied using the 2-D gas mixing 
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model coupled with the RTD data measured in two different column scales. Figure 4.11 

illustrates the effect of column diameter on the axial and radial turbulent diffusivities of the 

gas phase.   

 

    
 

    
Figure 4.11 - Effect of superficial gas velocity and column diameter on the cross section average axial and radial 

turbulent diffusivities 

 
The increase in column diameter was found to increase the radial turbulent diffusivity 

significantly in bubble columns with and without internals; however, it only slightly affects 

the axial turbulent diffusivity. These results suggest that only the radial mixing length scale is 

affected by the increase in column diameter, which implies that the turbulent eddies 

generated at high superficial velocities, are of the same order of magnitude of the column 

diameters used in this study. Therefore, in smaller columns, the column walls dampen these 

eddies, causing a decrease in the radial turbulent diffusivities.  
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The next section discusses these results using the model developed by Degaleesan and 

Dudukovic (1998) to analyze the contribution of different mixing mechanisms to the overall 

axial gas phase mixing. 

4.4.4 Gas Mixing Mechanism in Bubble Columns 

The most common model used in simulating gas mixing is the 1-D axial dispersion model 

(ADM). In the ADM, all the mechanisms leading to the overall axial gas mixing are lumped 

into a single coefficient: the axial dispersion coefficient (Dg). This causes Dg to become 

sensitive to the reactor scale and operating conditions, and hence very difficult to scale up. 

The popularity of the model stems from its simplicity and ease of use, although its ability to 

describe two-phase flows with large degrees of back-mixing, such as those in bubble 

columns, is questionable. It is the lack of better alternatives that makes the ADM 

predominantly used to describe back mixing in bubble columns.   

 

Despite the various attempts to develop theoretical or semi-theoretical expressions for Dg, 

there still exists no relationship that quantifies the contributions of the different mixing 

mechanisms to the overall axial gas mixing in bubble columns. The present work attempts 

such quantification. The main objective is to better understand the relation between the axial 

dispersion coefficient and the key fluid dynamic parameters and turbulent dispersion 

coefficients. In the light of the development of such an expression, one should be able to:  

1. Better understand the effects of different process conditions and column scale 

on Dg. 

2. Define the key parameters that should be used to predict Dg. 

It is not the objective of this work to develop a correlation to predict Dg, rather, our goal is 

to develop an approach by which one can understand the effects of different mechanisms on 

the overall mixing and use this approach to explain the experimental results developed in 

this work. 

 

The contribution of the turbulent dispersion and convective mixing to the overall axial 

mixing of the liquid phase was analyzed by Wilkinson (1991) and Degalesaan and Dudukovic 
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(1998).  Wilkinson (1991) developed a mechanistic model and used it to calculate the axial 

liquid dispersion coefficient from the average axial turbulent diffusivity, recirculation velocity 

(    ), overall gas holdup (  ) and a radial exchange term ( ).   

         
     √ 

   (    ) 
 . (4.23) 

Degaleesan and Dudukovic (1998) developed a 2-D convection diffusion model for the 

liquid phase and reduced it to a 1-D model, from which the axial liquid dispersion coefficient 

was calculated from the recirculation liquid velocity, cross-sectionally averaged turbulent 

axial diffusivities, and cross-sectionally averaged radial diffusivities (equation 4.24). 

         
 

  

    
   

   
 

(4.24) 

where    is an empirical constant. Both of the above models indicate that the overall axial 

dispersion coefficient conceptually can be divided into two parts: a turbulent diffusivity term 

which accounts for the contribution of the turbulent dispersion in the axial direction, and a 

Taylor-type ‘diffusivity’ term which accounts for the contribution of convection to the 

overall axial mixing and of radial turbulent diffusivity. Both studies showed that the 

turbulent diffusivity term is equal to the cross-sectional averaged axial turbulent diffusivity 

(   ), while the Taylor diffusivity term (       
̅̅ ̅̅ ̅̅ ̅̅ ̅), given by the second term of equation 

(4.24), is a function of the recirculation phase velocity and the cross sectional averaged radial 

turbulent diffusivity (   ). Based on these models, it is evident that the overall axial mixing 

will increase with an increase in the axial turbulent diffusivity and the recirculation velocity, 

and will decrease with an increase in the radial turbulent diffusivity. It is also evident that the 

contribution of convection (recirculation velocity) to the overall axial mixing decreases at 

higher values of radial turbulent diffusivities.  

 

The predicted values of    
̅̅ ̅̅̅ and    

̅̅ ̅̅  were analyzed using this concept where the 

contribution of the axial mixing was quantified by dividing the axial turbulent diffusivity by 

the overall axial mixing coefficient (Dg) determined from the gas tracer studies described in 

Section 4.3.3. Figure 4.12 shows the variation of the ratio of    
̅̅ ̅̅̅ to Dg with the superficial 

gas velocities in the 8-inch and 18-inch bubble columns with and without internals. Figure 

4.13 shows the variation of Dg,    
̅̅ ̅̅̅, and        

̅̅ ̅̅ ̅̅ ̅̅ ̅  with the superficial gas velocity in the 8-
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inch and 18-inch columns with and without internals.       
̅̅ ̅̅ ̅̅ ̅̅  values were calculated from 

Equation (4.24) by subtracting    
̅̅ ̅̅̅ from Dg.   

 

 
Figure 4.12 - The ratio the axial turbulent diffusivity to the axial dispersion coefficient (Dzz/Dg) at different 

superficial gas velocities in the presence and absence of internals in the 8-inch and 18-inch columns 

 
The data shows that in the lab-scale 8-inch diameter column, the overall axial gas mixing is 

mainly controlled by the axial turbulent dispersion, since it accounts for ~85% of the total 

axial mixing.  

 
In the presence of internals, the contribution of the convective mixing starts to increase due 

to the increase in the centerline gas velocity (as shown in chapter 3) and the decrease in the 

radial turbulent diffusivity. Both these effects cause the influence of convective mixing to be 

more significant. Although there is a considerable contribution of the convective mixing in 

the presence of internals, turbulent dispersion remains the more dominant mode of mixing, 

which explains why the dampening of turbulence in the presence of internals leads to an 

overall decrease in the overall axial gas mixing.  
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Figure 4.13 - Effect of internals and column scale on the axial turbulent diffusivity and Taylor-type diffusivity 

 

Figure 4.12 also shows that the contribution of the convective mixing increases with increase 

in the column diameter, mainly due to the significant increase in the gas circulation with the 

increase in column diameter. This was also reflected in the values of the Taylor diffusivities 

in the 18-inch column, shown in Figure 4.13, which were larger than those in the 8-inch 

column, in spite of the increase in the radial turbulent diffusivities. 

4.4.5 Turbulent Gas Mixing Length Scales 

 
Turbulent dispersion in bubble columns is caused by turbulent eddies of different sizes 

which carry forward fluid particles at different rates causing fluctuations in the fluid 

concentration. The concentration fluctuation generated by these eddies is proportional to 

their length scale and the mean concentration gradient: |  |        
  ̅

  
.  Following the 

analogy between turbulent flux and diffusion flux, the turbulent flux can be closed in terms 

of a turbulent diffusivity term as show in equation (4.11). As shown equation (4.21), the 

turbulent diffusivity can be defined as the product of a characteristic turbulence velocity 

scale and a characteristic turbulent length scale. Therefore, estimating the turbulent length 

scales is important to predicting turbulent diffusivities. In fact, many length scales co-exist in 

a turbulent flow, so it is important to choose the length scale that affects turbulent 

dispersion the most. It is fair to assume that the largest eddies are the most effective in 

distributing momentum, mass, and heat in a turbulent system. As a result, the geometric 

configuration of a certain system becomes an important indication of the scale of eddy sizes 
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in that system, since it dictates the maximum eddy size. In addition, in anisotropic turbulent 

systems like bubble columns, the turbulent length scales will be direction dependent. 

 

Very little is known regarding the characteristic mixing length scales in bubble columns, due 

to the absence of experimental data that quantifies both the turbulent diffusivities and the 

fluctuating velocities.  In bubble columns, the mixing length scales in the axial direction are 

expected to be larger than those in the radial direction, since there is lesser restriction in the 

axial direction to the passage of large eddies than in the radial direction, due to column 

diameter or the presence of vertical internals. This postulate was confirmed by Degaleesan 

(1997), who found that the ratio between the axial and radial length scales in a 6 inch 

diameter column is 7:1. Moreover, if one follows the two-fluid approach, where the phases 

are treated separately, each phase should have its own turbulent length scale based on the 

turbulent diffusivity and the turbulent intensity in that specific phase.  

 

In this section, we attempt to estimate the turbulent mixing length scales based on the gas 

phase turbulent diffusivity data. In order to estimate the mixing length scales, the eddy 

diffusivities and turbulent intensities are needed as evident from equation (4.21). The eddy 

diffusivities of the gas phase were obtained as shown in section 4.2. The turbulent intensities 

of the gas phase can be obtained from the 4-point optical probe data, since the probe 

records the instantaneous bubble velocities. It should be noted, however, that the 

fluctuations in the gas phase velocity are not merely due to the turbulence, but also due to 

the variation of bubble sizes. Recent experimental data showed that the ratio of the 

dispersed (gas) to continuous (liquid) phase fluctuations approaches a constant value close to 

unity after the gas holdup increases beyond a certain limit, which could be as small as 6% 

(Garnier et al., 2001, Larue de Tournemine et al., 2001, and Deen et al., 2002). This indicates 

that contribution of the variation of bubble sizes to the gas phase velocity fluctuations is 

negligible especially at high gas holdups. These experimental data were further supported in 

this work by comparing the gas velocity fluctuations and liquid velocity fluctuations at the 

same conditions. This was possible due to the availability of data for a limited set of 

conditions in a 6-inch bubble column at 30 and 45 cm/s. At these conditions, Ong (2003) 

reported the cross-sectional averaged mean fluctuating liquid velocity based on CARPT data, 

while Xue (2004) measured the instantaneous gas velocities from which the cross-sectional 
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averaged mean fluctuating gas velocity can be calculated. The data of Xue (2004) was re-

processed and the local mean fluctuating gas velocity was calculated from: 

√    
 ( ) ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  √ (    ( )̅̅ ̅̅ ̅̅ ̅̅ ̅      ( )) 

 

(4.25) 

where √    
 ( )  ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  is the local mean fluctuating gas velocity,      ( )̅̅ ̅̅ ̅̅ ̅̅ ̅ is the local mean gas 

velocity and     ( ) is the instantaneous local gas velocity. After calculating the local mean 

fluctuating gas velocity, the cross-sectional averaged mean fluctuating gas velocity was 

calculated from: 

√    
  ̅̅ ̅̅ ̅̅  

∫ √    
 ( ) ̅̅ ̅̅ ̅̅ ̅̅ ̅̅      

 

 

∫      
 

 
 

(4.26) 

Table 4.3 shows the mean liquid and gas fluctuating velocities in a 6-inch column at 30 cm/s 

and 45 cm/s for an air-water system. The table shows that the mean fluctuating gas velocity 

is always larger than the mean fluctuating liquid velocity, as expected. The difference 

between the gas and liquid fluctuating velocities is negligible (less than 10%), indicating that 

the fluctuations in the gas phase velocity caused by the bubble size distribution are 

insignificant compared to those created by turbulence. This presents strong evidence that the 

use of the mean fluctuating velocities of the gas phase to calculate the mixing length scales 

gives a reasonable order of magnitude estimation of mixing length scales.  

  

Table 4.3 - The relation between the mean liquid fluctuating velocity and mean gas fluctuating velocity 

Ug (cm/s) √    
 ̅̅ ̅̅̅ (Ong, 2003), cm/s √    

 ̅̅ ̅̅ ̅ (Xue, 2004), cm/s % increase 

30 48.98 49.41 0.87 

45 52.4 55.72 6.01 

 

The availability of the fluctuating gas velocity data can serve as an indicator of the turbulent 

intensity at different conditions. Figure 4.14 displays the effect of column diameter and 

internals on the fluctuating gas velocity and turbulent intensity at different superficial gas 

velocities. This figure shows that the mean fluctuating gas velocity increases with increasing 

column scale, reflecting the increase in turbulence intensity with the increase in the column 

scale. It is evident from Figure 4.14 that the presence of internals decreases the mean 

fluctuating gas velocity, confirming the earlier findings of Forret et al (2003), who showed 
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that the presence of internals decreased the fluctuating liquid velocity, and the findings of 

Chen et al. (1999), who showed that the presence of internals decrease all the turbulent 

related parameters. Another important result shown by these studies is that the turbulence in 

the gas and liquid phases are closely related, which validates the earlier assumptions made in 

this chapter. Based on these results, one would expect that the radial turbulent fluctuations 

are similar in the gas and liquid phases. Unfortunately, insufficient experimental data is 

available to support this claim. 

 

   
 

   
Figure 4.14 - Effect of scale and internals on the mean gas fluctuating velocity 

 

Table 4.4 displays the cross-sectional averaged length scales for all the operating conditions 

investigated in this work. As can be seen from Table 4.4, the mixing turbulent length scale of 
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the gas phase increases with increasing superficial gas velocity and decreases in the presence 

of internals. These results present further evidence that the presence of internals dampens 

large eddies.  

 

Table 4.4 also shows the characteristic length scales in the liquid, reported by Degaleesan 

(1997) and Ong (2003), in a 6-inch column at different operating pressures. It can be seen 

that the trends observed for the turbulent mixing length scale of the gas phase qualitatively 

match the dependence of the mixing turbulent length scale of the liquid phase. An important 

observation is that the presence of internals and the increase in pressure cause a decrease in 

the mixing lengths of the gas and liquid phases.   

 

Table 4.4 - The effect of superficial gas velocity, column diameter, internals, and pressure on the gas and liquid 
turbulent length scales 

Ug, cm/s Column diameter, cm Internals/Pressure   ̅   , cm   ̅   , cm 

20.0 19 No Internals/1 atm 33.5  -  

30.0 19 No Internals/1 atm 68.4  -  

45.0 19 No Internals/1 atm 163.8  -  

20.0 19 22%  Internals/1 atm 28.2  -  

30.0 19 22%  Internals/1 atm 35.7  -  

45.0 19 22%  Internals/1 atm 71.6  -  

20.0 45 No  Internals/1 atm 49.0  -  

30.0 45 No  Internals/1 atm 56.9  -  

45.0 45 No  Internals/1 atm 146.9  -  

20.0 45 25%  Internals/1 atm 27.4 - 

30.0 45 25%  Internals/1 atm 34.3 - 

45.0 45 25%  Internals/1 atm 72.2 - 

30.0 14 (Ong, 2003) No Internals/1 atm - ~ 7 

45.0 14 (Ong, 2003) No  Internals/1 atm - ~ 7.39 

30.0 14 (Ong, 2003) No Internals/4 atm - ~ 6.5 

45.0 14 (Ong, 2003) No Internals/4 atm - ~ 6.98 

30.0 14 (Ong, 2003) No Internals/10 atm - ~ 5.85 

 

Table 4.4  also shows that the values of the characteristic mixing length scales of the gas 

phase are much higher than the characteristic mixing length scales calculated based on the 

liquid phase.  This result is expected since the superficial gas velocity is much higher than the 

superficial liquid velocity, causing the dispersion coefficients (Dg,    
̅̅ ̅̅̅, and    

̅̅ ̅̅ ) of the gas 

phase to be higher than those of the liquid  phase. The increase in these dispersion 
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coefficients at the same magnitude of the fluctuating velocities of both phases, as shown 

earlier in this section, can only be caused by the increase in the characteristic mixing length 

scale, as evident from equation (4.21). It should be noted that, physically, the characteristic 

mixing length scale denotes the size of the largest eddies, which are the most efficient in 

transporting momentum, mass and heat. Based on this argument, it seems unreasonable that 

the largest eddy sizes will be different in both phases. This is an interesting subject of 

research that has not been explored in the literature either experimentally or theoretically. 

One way to validate this finding is through Large Eddy Simulations (LES) simulations that 

are able to compute the spectrum of all the large eddies in both phases. Although the 

transfer of turbulence back and forth between the gas and liquid phases is still poorly 

understood, it seems realistic that eddies of the same size will affect both phases differently 

due to the differences in the physical properties for the two phases, especially the phase 

densities. These differences causes the eddies of the same size to be more effective in 

transporting momentum, mass and heat through the gas phase compared to the liquid phase, 

which can partially explain the prediction of larger characteristic mixing lengths for the gas 

phase.  

4.5 Remarks 

In this chapter, the effect of different operating conditions on the overall axial gas mixing 

was studied. The gas tracer experiments showed that the increase in the superficial gas 

velocity increases Dg in the presence and absence of internals. The presence of internals 

caused a significant decrease in Dg due to the decrease in the axial turbulent gas diffusivity. 

The increase in column diameter enhanced the overall axial gas mixing due to the increase in 

gas recirculation and the increase in the axial turbulent gas diffusivity.  

 

A 2-D convection-diffusion gas mixing model was used to predict the RTD of the gas phase 

by fitting the axial and radial turbulent gas diffusivities. The 2-D model results showed that 

both the axial and radial turbulent diffusivities decreased in the presence of internals due to 

the dampening of turbulence and turbulent related parameters caused by the presence of 

internals. In contrast, the increase in column diameter caused an increase in the radial and 

axial turbulent gas diffusivities due to the increase in turbulent intensity. This work provided, 

for the first time, values for the axial and radial turbulent diffusivities of the gas phase in 
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bubble columns with and without internals. Further studies are needed to predict with more 

confidence the values for the radial turbulent diffusivities of the gas phase by measuring the 

radial gas phase concentration. 

 

The model developed by Degaleesan and Dudukovic (1998) was used to determine the 

contribution of different mixing mechanisms to the overall axial gas mixing. The analysis 

showed that the main contributing factors to the overall gas mixing in bubble columns are 

gas recirculation (convective mixing) and turbulent dispersion.  The extent of the effect of 

different mechanisms at different conditions is complex which may partly explain why a 

universal correlation for the axial gas dispersion coefficient has not been developed. The 

analysis presented in this chapter, however, allowed us to examine the effect of changes in 

the fundamental fluid dynamic parameters, namely, the gas holdup profile, the gas velocity 

profile, the axial turbulent diffusivity, and the radial turbulent diffusivity on the axial gas 

dispersion coefficient. Experimental measurements of the radial gas holdup and radial gas 

velocity profiles, using the 4-point optical probe, and the RTD of the gas phase, using the 

developed gas tracer technique, coupled with the 2-D convection diffusion model have been 

used to illustrate the expected trends in the axial dispersion coefficient.  

 

Generally, the overall axial gas mixing is mainly controlled by turbulent dispersion; however, 

the increase in column diameter increases the contribution of convective mixing due to the 

increase in gas circulation. In addition, the presence of internals increases the contribution of 

convective mixing by decreasing the radial turbulent diffusion. It is therefore important to 

consider the contribution of both the convective mixing and turbulent dispersion in the 

modeling of gas mixing or the development of axial gas dispersion coefficient correlations. 
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Chapter 5 - Mass Transfer in Bubble 

Columns with Internals 

This chapter addresses the effect of internals on the overall volumetric mass transfer 

coefficient (kLa) in a pilot-scale bubble column. The experimentally measured kLa values 

were coupled with the data for the interfacial area obtained using a 4-point optical probe to 

calculate the gas-liquid side mass transfer coefficient (kL) in the presence and absence of 

internals. 

5.1 Introduction 

The overall volumetric gas-liquid mass transfer coefficient (kLa) is an important design 

parameter for bubble columns, especially in processes involving the absorption of gases in 

organic liquids such as methanol synthesis and the F-T process. Accordingly, mass transfer 

has been extensively studied in the last 50 years, resulting in a large body of experimental 

data and correlations for kLa under a wide range of operating conditions. Despite all these 

efforts, none of these studies addressed the effect of the presence of vertical cooling 

internals on kLa. Previous work has revealed that the presence of internals affects the flow 

field including the liquid velocity profile (Bernemann, 1989, Chen et al, 1999, and Forret et 

al., 2003), gas velocity profile (Chapter 3 of this work), bubble dynamics (Youssef, 2010), 

and turbulent intensities (Chen et al., 1999 and Forret et al, 2003). These changes are 

expected to affect kLa based on different developed mass transfer theories.  

 

 kLa depends on two interrelated factors, namely: the gas-liquid side mass transfer (kL) and 

gas liquid interfacial are per unit volume of gas-liquid dispersion (a). It is very important to 

separate both factors to understand how kLa changes with different conditions. It is widely 

accepted that Higbie’s theory is adequate to describe mass transfer in bubble columns based 
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on experimental data covering a wide range of conditions (Deckwer, 1992). This theory 

suggests that kL is directly proportional to the average bubble size. The work of Youssef 

(2010) showed that internals decrease the average bubble chord length, indicating that kL will 

most likely decrease in the presence of internals. Other mass transfer theories (Fortescue and 

Pearson, 1967, and Lamont and Scott, 1970) advocate that kL is a function of the turbulent 

intensity of the system, which suggests that the presence of internals decreases kL due to the 

decrease in the turbulent intensity. On one hand, kLa is expected to decrease in the presence 

of internals due to the likely decrease in kL. On the other hand, the increase in the interfacial 

area in the presence of internals (Youssef, 2010) is expected to significantly enhance kLa. 

Some authors have claimed that the observed variations of kLa with different operating 

conditions are mainly attributed to the difference in the interfacial area at these conditions 

(Fan, 1989, Patel et al., 1990, and Behkish et al., 2002). This suggests that the increase in the 

interfacial area in the presence of internals most likely enhances kLa in spite of the decrease 

in kL.  

 

This work has investigated the hydrodynamics and gas phase back-mixing at different 

operating conditions in the presence and absence of internals. If the mass transfer is studied 

at the same conditions, this knowledge will greatly help in understanding the effects of key 

fluid dynamic and mixing parameters on kLa and kL. The phase dispersion parameters 

estimated in other parts of this work, in addition to the bubble dynamics measured by the 4-

point optical probe, help us to implement better models to quantify mass transfer since they 

provide the necessary inputs to these models. In addition, the data of interfacial area 

available from the 4-point optical probe coupled with the measured kLa values allow the 

estimation of kL under different operating conditions. All these reasons motivated the 

extension of this work to investigate the effect of internals on kLa. 
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5.2 Research Objectives 

This work aims to provide a better understanding of the effect of superficial gas velocity on 

the gas-liquid mass transfer in bubble columns in the presence and absence of internals. 

Particularly, the following objectives were set for this study: 

 Investigate the effect of superficial gas velocity and internals on the overall 

volumetric mass transfer in a pilot-scale bubble column. 

 Assess the effect of superficial velocities and internals on the gas-liquid side mass 

transfer coefficient (kL) by combining the values of the interfacial area, calculated at 

the same conditions using the 4-point optical probe, with the values of kLa obtained 

in this work. 

5.3 Gas-Liquid Mass Transfer Experiments 

In this work, the kLa values of oxygen were measured using the optical oxygen probe 

technique and an oxygen-enriched air dynamic method (Han, 2007). The experimental 

details, reactor models used, and results are shown below. 

5.3.1 Reactor Setup and Experimental Conditions 

Mass transfer experiments were conducted in an 18-inch bubble column, as shown in Figure 

5.1. Various ports in the column were used for mounting the optical oxygen probe for local 

axial measurements of the oxygen tracer. The experimental conditions for the oxygen mass 

transfer measurements were designed to cover a wide range of superficial gas velocities in 

the churn turbulent regime, in the presence and absence of internals (Table 5-1) using an air-

water system. 

 
Table 5.1 - Experimental conditions of the mass transfer experiment 

Dc (cm) Internals (%CSA) Ug (cm/s) Axial positions 

45 0 %  20 x/L = 0.05, 0.3, 0.5, 0.65 

45 0 % 30 x/L = 0.05, 0.3, 0.5, 0.65 
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45 0 %  45 x/L = 0.05, 0.3, 0.5, 0.65 

45 25% 20 x/L = 0.05, 0.3, 0.5, 0.65 

45 25 %  30 x/L = 0.05, 0.3, 0.5, 0.65 

45 25 %  45 x/L = 0.05, 0.3, 0.5, 0.65 

 
 

 
Figure 5.1 - Experimental Setup 

 

5.3.2 Oxygen-Enriched Air Dynamic Method 

Generally, mass transfer experiments involve the generation of a driving force, which 

triggers the transport of a partially soluble tracer from the gas phase to the liquid phase. The 

concentration of this tracer is then monitored in the liquid or gas phase at the required 

measurement locations. The measured tracer concentration can then be analyzed using a 

suitable model to quantify the rate of mass transfer.  
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Different experimental methods were developed to measure kLa in bubble columns. The 

main difference among these methods is the way the needed transport driving force is 

generated. In this work, the oxygen-enriched method was implemented to quantify kLa by 

measuring the concentration of the oxygen tracer in the liquid phase. This method was first 

introduced in fermentation systems by Chang et al. (1989), then Linek et al. (1991) validated 

its application on coalescent liquid systems such as the air-water system. The idea is to add a 

small oxygen flow, while maintaining the main air flow, as a step change to achieve a switch 

between air and oxygen-enriched air. In this work, this was done by raising and lowering the 

oxygen concentration in the main gas flow by a small oxygen flow (measured as 3% of the 

overall flow rate) which was started and stopped by a solenoid valve and a digital timer. The 

oxygen-enriched method was chosen over other mass transfer measurement techniques 

since it does not cause significant flow fluctuations during the tracer input. It also does not 

require the use of inconveniently large quantities of the tracer compared to other mass 

transfer methods. 

 

The optical oxygen probe was used to monitor the transient oxygen concentration in the 

liquid phase at the desired axial positions. The experiments were repeated for sufficiently 

long time intervals to insure that the new dissolved oxygen equilibrium was achieved. The 

obtained concentration curves can be considered as the response of the system to a typical 

step-up experiment, and were used for the quantification of kLa. 

5.3.3 Optical Oxygen Probe Technique 

The optical oxygen probe, used in this work to measure the dissolved oxygen (DO) 

concentration, is a fluorescence-type sensor first developed at TU-Hannover, Germany 

(Comte et al., 1995). Due to their fast response, stability, and long life, these probes are used 

in transient mass transfer experiments. The measurement system in Figure 5.2 consists of an 

oxygen optical probe, optic fiber, light source, spectrometer, USB A/D converter, PC, and 

software. As shown in Figure 5-3, when irradiated at 470 nm by the light source, a thin film 
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coated on the probe tip emits fluorescence at about 600 nm. The increase in the dissolved 

oxygen (DO) concentration quenches the 600-nm fluorescence linearly. Thus, DO 

concentration data can be obtained by measuring the fluorescence intensity with the 

spectrometer. The characteristic response frequency constant (reciprocal of the characteristic 

probe time) of the probe used in this study is 1.1 s-1, which is about one magnitude larger 

than typical kLa values in bubble columns. This indicates that the time scale of the probe 

delay is small enough for the mass transfer measurements to be accurate. 

 

 
Figure 5.2 - Optical oxygen probe 

 
 

 
 
 

Figure 5.3 - Mechanism of the optical oxygen probe 
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5.3.4 Reactors Models 

The measured transient responses of the dissolved oxygen tracer in the mass transfer 

experiment include information on the extent of the gas-liquid mass transfer in addition to 

gas and liquid mixing. The commonly used models to quantify mixing of the two phases are 

usually based on one of the following assumptions:  

a. CSTR-CSTR: complete mixing of gas/liquid phases,  

b. PF-PF: plug-flow of gas/liquid phases,  

c. PF-CSTR: plug flow of gas and complete mixing of the liquid phase, and  

d. ADM-ADM: dispersed plug flow (axial dispersion model) for the gas/liquid phases.  

 The assumption of ideal mixing patterns for the gas and liquid phase leads inaccurate kLa 

values. Hence, a reactor model is needed to accurately quantify the extent of the liquid and 

gas phase mixing in order to estimate accurate kLa values.  

 

Although the applicability of the PF-CSTR model (which assumes complete back-mixing for 

the liquid phase and constant gas concentration in the gas phase) is only restricted to 

columns which have small length to diameter ratios, it has been used in most of the reported 

kLa measurements due to its simplicity. Some authors (Deckwer et al., 1974, Deckwer et al., 

1983 and Lau et al., 2004) criticized the use of this model since the gas and liquid mixing 

patterns in bubble columns significantly deviate from perfect mixing patterns. Deckwer et 

al., 1983 and Lau et al., 2004 showed that there are differences between the estimated kla 

values using ADM and those obtained using CSTR or PF models. In addition to the 

estimation of inaccurate kLa values, they also showed that using the CSTR or PF models for 

the analysis of mass transfer experiments can lead to the prediction of incorrect 

dependencies of kLa on the axial position and the superficial liquid velocity. Therefore, the 

ADM is used in this work to estimate kLa from the transient dissolved oxygen response 

curves.  
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It should be emphasized that the ADM (which assumes partial mixing of the gas and liquid 

phases) is only used for comparative purposes since it is the simplest available model that 

can account to a certain extent for the effects of mixing in both phases and hence should 

allow the estimation of more accurate kLa values. The main drawback of the ADM lies in the 

difficulty of estimating the axial dispersion coefficients of the gas and liquid phases; 

however, these difficulties were overcome in this work as follows: 

 The axial dispersion coefficient of the gas phase (Dg) was experimentally measured at 

the same experimental conditions of the mass transfer experiment as shown in 

chapter 4. This provides a proper estimate of the extent of the dispersion of the gas 

phase which can be accounted for using the ADM. The extent of dispersion of 

tracers of different solubilities (insoluble helium used in gas tracer experiments and 

partially soluble oxygen used in mass transfer experiments) can be assumed to be 

equal since the extent of mixing of the gas phase is not affected by the physical 

properties of the gas phase as shown by Kantak et al. (1995) and Towell and 

Ackerman (1972). 

 

 The axial dispersion coefficient of the liquid phase was estimated from correlations 

developed at similar operating conditions. A sensitivity analysis of the effect of the 

value of the estimated DL has been performed and the estimated kLa values were 

found to be affected by less than 2% when increasing or decreasing the value of DL 

by 100%. This indicates that the fitted kLa values using the ADM are not sensitive to 

the estimated DL values under the operating conditions used in this study. Deckwer 

et al. (1983) reached the same conclusion and suggested that the three parameter 

optimization mass transfer problem can often be reduced to a two parameter 

problem by estimating the value of DL from correlations given in literature. Although 

the model is insensitive to the variations of DL, it is still advisable not to assume a 

perfect mixing pattern for the liquid since this will result in the misinterpretation of 

experimental data. For instance, assuming a plug flow model for liquid will 

misinterpret the concentration jump near the column inlet (entrance region) as an 
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increase in mass transfer where it is simply a result of liquid back-mixing. It should 

be noted that, under conditions when the extent of the gas phase mixing approaches 

complete back mixing, the mass transfer model becomes also insensitive to the value 

of Dg, however this is not the case since the gas tracer experiments in chapter 4 

showed that the gas phase cannot be modeled as completely mixed.  

 

The axial Dispersion Model: Two equations are required, one for the liquid and one for 

the gas phase: 
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Danckwerts boundary conditions are used for both the gas and liquid: 
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The initial conditions are given as: t=0, CL = Cg = 0. 

The unknown kLa term was determined by a minimum squared error fit between CL(t,z) and 

the measured transient concentration of the tracer (dissolved oxygen) in the liquid phase. 

The overall gas holdup,   , was measured by observing the bed expansion. The values of Dg 

were obtained experimentally at the same conditions using the gas tracer technique as shown 

in Chapter 4. The values of DL were estimated from the correlation presented by Baird and 

Rice (1975) which was based on experimental data developed at similar conditions to this 

work. Figure 5.4 shows the fitting of the axial dispersion and PF-CSTR models to the 

experimental data. It is clear from the figure that the PF-CSTR model, commonly used by 

researchers, is inappropriate to represent the experimental data even close to the reactor 

inlet. 
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Figure 5.4 - Dissolved oxygen concentration fitted by the ADM and CSTR models 

5.4 Results 

5.4.1 The Effect of the Axial Position 

The experimental conditions used to study the effect of internals on kLa at different axial 

positions are listed in Table 5.1. Figure 5.5 shows that the estimated kLa values are constant 

along the column height. These finding agree with those of Deckwer et al. (1983) and Han 

(2007) who showed that using the ADM, which correctly accounts for the superficial gas 

velocity, sampling position, and the extent of the gas phase mixing, the estimated values of 

kLa are independent of the axial position. This result is expected since all the key variables 

that control kLa including the bubble dynamics and the turbulent intensity are almost 

constant in the fully developed region of the column.  
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Figure 5.5 - The variation of kLa with the axial position 

 

5.4.2 Effect of Superficial Gas Velocity and Internals on kL and kLa 

Figure 5.6 shows the effect of Ug on kLa measured at different axial positions. The increase 

in the superficial gas velocity was found to increase kLa, which is in line with the findings of 

almost all of the published mass transfer studies in bubble columns (e.g: Akita and Yoshida 

1973, Deckwer et al., 1983, Letzel et al., 1999, Han, 2006, and Nedeltchev et al., 2010). The 

effect of Ug on the interfacial area and kL values in the absence and presence of internals is 

shown in Figure 5.7. The interfacial area increases with the increase in the superficial gas 

velocity, while kL was found to be insensitive to the changes in Ug. This suggests that the 

observed increase in kLa with the increase in Ug is merely due to the increase in the interfacial 

area. 
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Figure 5.6 - Effect of superficial gas velocity based on the free cross-sectional area on the overall volumetric 

mass transfer coefficient at different axial locations 

 

   
Figure 5.7 - Effect of superficial gas velocity and internals on kL and interfacial area 

 

The presence of internals did not affect kLa values as evident from Figure 5.6. Although the 

presence of internals is expected to increase kLa due to the increase in the interfacial area, 

this effect was balanced by the decrease in kL in the presence of internals as seen in Figure 

5.7. The next section discusses these results in the light of the developed fundamental 

theories for kL.  
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5.5 Discussion 

Over several decades, many approaches have been developed to predict the mas transfer 

coefficient (kL). A brief survey of some of these approaches is given in Table 5.2. Generally, 

the developed theories assume one of two approaches:  

1. The penetration theory and its variants: assume that the mass transfer process 

can be modeled as an unsteady state diffusion process at the gas-liquid interface. 

Thus, the rate of mass transfer is mainly related to the exposure time of bubbles to 

the liquid or the refreshment rate of liquid around the bubbles. The exposure time is 

the time span for surface renewal which can be approximated as the time needed for 

the bubble to move a distance equal to its own characteristic length scale: 

   
  

   

(5.5) 

where     is a characteristic bubble length scale and    is a characteristic bubble 

velocity scale. Based on this approach, the decrease in the exposure time or the 

increase in the surface renewal rate causes an increase in kL. It is evident that, based 

on this formulation, kL is largely dependent on the relationship between bubble size 

and its velocity which differs for various bubble shapes. Finally this approach does 

not consider the complete flow field in the vicinity of the bubble and hence it fails to 

explain the increase in kL with increase in the bubble characteristic length scale due 

to the increase in the turbulence induced by larger bubbles. 

2. The turbulent theory: assumes that the rate of mass transfer at the interface is 

mainly caused by the convective turbulent eddies. Hence, the rate of mass transfer 

becomes strongly affected by the turbulent intensity (mean fluctuating velocity) and 

the turbulent eddy sizes. On the other extreme, it is clear that this approach does not 

take into account the effect of the bubble size on the mass transfer rate. 

 

Several other models were proposed to simulate kL that were based on the combination of 

these two approaches (Toor and Marchello, 1958, Harriot, 1962, Bullin and Dukler, 1972, 
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Balasubraniyam, 1996, and Jajuee et al., 2006), however these models result in more hard-to-

predict variables. In this section, the penetration and turbulent theories will be used for the 

analysis of our experimental data. 

 
Table 5.2 - Developed mass transfer theories 

Model or Theory Description Equation 

Higbie (penetration) 
theory (Higbie, 1935) 

Assumes unsteady state across the gas-liquid interface. 
The liquid is refreshed continuously and all the fluid 
elements have the same exposure times 

   √
   

   
 

Danckwerts (Surface 
renewal) theory 
(Danckwerts, 1951) 

Assumes unsteady state diffusion across the gas-liquid 
interface. The fluid elements can be randomly replaced by 
fresh ones  

   √     

Large-Eddy model 
(Fortescue and 
Pearson, 1967) 

Large eddies dominate the mass transfer at the interfaces 
by the convective effect of turbulence        √

  
√  ̅̅ ̅

     
̅̅ ̅̅ ̅̅ ̅

 

Small-Eddy model 
(Lamont and Scott, 
1970) 

The mass transfer is mainly controlled by highly mobile 
small eddies 

      √
  

(    )   
 

 

The increase in kLa with increasing Ug was reported in almost all mass transfer studies in 

bubble columns. At low superficial gas velocities, the increase in the energy input and the 

consequent increase in the turbulent intensity cause the enhancement of kL. In addition, the 

increase in the turbulent intensity increases the interfacial area due to the increased rate of 

bubble break-up. Hence, both factors contribute to the increase in kLa at low gas velocities. 

In this study, our results showed that at higher superficial gas velocities, kL is unaffected by 

the increase in Ug in the presence and absence of internals. This may be due to the balance 

between the rates of coalescence and break-up at higher superficial gas velocities which leads 

to the stabilization of the average bubble size which mainly controls kL. At these high 

superficial gas velocities, the increase in kLa is only due to the increase in the interfacial area 

caused by the generation of more bubbles at higher gas velocities. These findings concur 

with different researchers, who did their mass transfer experiments at high superficial gas 

velocities in bubble columns without internals, and were reflected by their correlations as 

shown in Figure 5.8. 
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Figure 5.8 - Effect of the superficial gas velocity based on the free cross-sectional area on kL: experimental data 

vs. correlations for (a) No internals and (b) with 25% internals 

 

 
Figure 5.6 and 5.7 showed that the internals did not significantly affect kLa due to the 

balance between the increase in the interfacial area and the decrease in kL in their presence. 

The increase in the interfacial area of bubbles in the presence of internals is caused by the 

enhancement of the rate of bubble break-up which leads to the formation of smaller bubbles 

that have high surface area. The decrease in the average bubble size coupled with the 

physical presence of internals leads to the decrease in the turbulent intensity of the liquid 

phase as shown by (Chen et al., 1999, Forret et al., 2003, and Larachi et al., 2006) which 

mainly caused the observed decrease in kL in the presence of internals.  

5.6 Remarks 

This chapter investigated the effect of superficial gas velocity and internals on kLa and kL in a 

pilot scale 18-inch column. The oxygen-enriched method was used to measure the 

concentration of the soluble oxygen tracer and the axial dispersion model was used to 

quantify the value of kLa in the presence and absence of internals at different axial positions. 

The data of the interfacial area available from the 4-point optical probe was used to estimate 

the values of kL at different operating conditions. 
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The estimated kLa values were found to be independent on the axial and radial position 

when the axial dispersion model was used. The kLa values increased with increasing the 

superficial gas velocity in the presence and absence of internals based on the estimates of the 

ADM, while the kL values were independent on the superficial gas velocities within the range 

used in this study. This suggests that the increase of kLa at higher superficial gas velocities 

may be merely due to the increase in the interfacial area. These findings qualitatively agree 

with the reported kL correlations in the literature. 

 

The presence of internals did not affect the values of kLa in spite of the increase in the 

interfacial area. This can be attributed to the fact that internals dampen the turbulence 

causing a decrease in the kL values which consequently balances the increase in the interfacial 

area. 
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Chapter 6 – Summary of  Findings and 

Recommendations 

This work investigated the gas hydrodynamics, gas phase mixing, and mass transfer in 

bubble columns with and without internals. One of the distinct features of this work is that 

it utilized columns of different scales to assess the effect of column diameter in the presence 

of internals. In addition, two models were presented for the modeling of gas phase velocity 

and gas phase mixing in bubble columns with and without internals. Finally, this work 

presents a methodology by which the effect of different variables mixing and mass transfer 

can be studied in bubble columns. The essence of this methodology is to relate the macro-

scale mixing and mass transfer phenomena to the local fluid dynamic parameters in both 

phases. This allows the prediction of the effect of different variables on the mixing and mass 

transfer characteristics in bubble columns if their effect on the local hydrodynamics is 

known. This section presents a summary of the findings of this work along with 

recommendations for future work in bubble columns with and without internals. 

6.1 Gas Velocity Profiles 

The effect of the occluded CSA by internals on the gas velocity profiles was investigated and 

quantified over a wide range of superficial gas velocities in lab-scale and pilot-scale bubble 

columns in the presence and absence of internals using the 4-point optical probe. The 

increase in the superficial gas velocity was found to increase the steepness of the gas velocity 

profile (increase in the center-line gas velocity and a decrease in the near-wall gas velocity) 

and an enhancement of the gas circulation. This result is in agreement with the earlier work 

of Xue (2004). The same trend was observed in the presence of internals in the 8-inch and 

the 18-inch bubble columns. The presence of internals caused an increase in the center-line 

gas velocity due to the dampening of turbulence caused by their presence. The increase in 
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the column diameter enhanced the gas circulation significantly due to the increase in 

turbulence in larger columns.  

 

The experimental data generated in this work was used to validate the 1-D gas velocity 

model develop by Gupta (2002). The model simulations indicated that the mixing length 

correlations were able to better predict the gas velocity profile, where Kumar’s mixing length 

was found to be the best mixing length correlation to fit the gas velocity profile data in this 

study. The gas velocity model was capable of simulating the gas velocity profile under 

different operating conditions and different column diameters in the presence and absence 

of internals provided that the dampening of turbulence in the presence of internals is 

accounted for.  

 

It should be emphasized that the 1-D gas velocity model used in this study, is not fully 

predictive since the gas holdup profile is still used as an input to the model. Although some 

empirical correlations have been developed to predict the radial gas holdup profile in bubble 

columns (Wu et al., 2001), the extrapolation of these correlations to a wide range of 

conditions is still questionable. Notably, the radial gas holdup profile remains the most 

difficult hydrodynamic parameter to predict and the main obstacle in closing the modeling 

dilemma. If one takes a close look at the different phenomenological and compartmental 

models developed by various workers in the field, it can be realized that these models have a 

good potential to confidently scale up bubble columns (Wilkinson, 1991, Degaleesan 1997, 

Gupta et al., 2001, and Gupta 2002); however they all require the gas holdup profile as an 

input. As a result, it is recommended that more research should be directed to address this 

issue and develop models that predict the radial gas holdup profile in bubble columns. In 

view of the available approaches to predict the radial gas holdup profile, the solution of the 

1-D radial force balance on the gas phase seems to be the most practical one. The radial 

force equation will typically include the balance between the lift (due to the presence of 

bubble in a shear flow field), Magnus (due to bubble rotation), turbulent dispersion (due to 

bubble diffusion), and wall lubrication forces on the gas phase. This equation has to be 
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coupled with the gas and liquid momentum equations and solved simultaneously for the gas 

holdup, gas velocity, and liquid velocity profiles.   

6.2 Gas Phase Mixing 

The axial gas phase mixing was measured using a gas tracer technique and analyzed using 1-

D and 2-D mixing models. The effects of the superficial gas velocity, internals, and column 

diameter were investigated. The axial gas mixing was found to significantly decrease in the 

presence of internals due to the decrease in the turbulent intensity caused by their presence. 

The increase in column diameter enhanced the axial gas mixing due to the increase in gas 

circulation and turbulent dispersion in larger columns.  

 

The 2-D model was used to estimate the axial and radial turbulent diffusivities in the gas 

phase, which were shown to qualitatively match the turbulent dispersion diffusivities in the 

liquid phase. The model developed by Degaleesan and Dudukovic (1998) was coupled with 

the fitted values of the axial and radial diffusivities to determine the dominant gas mixing 

mechanism. It was shown that under the operating conditions used in this study, the gas 

mixing is mainly controlled by turbulent dispersion, and hence, any effect that leads to the 

dampening of turbulence will lead to the decrease in the axial mixing. This finding can also 

be used to explain the effect of pressure and solids loading (Han 2007) on the axial gas phase 

mixing. 

 

Although this work presented a detailed description of the mechanism of gas phase mixing 

in bubble columns, more research is needed to enhance this understanding at different 

operating conditions. This requires the implementation of novel experimental techniques to 

measure the gas concentration locally. The absence of axial and radial gas concentration data 

hinders our ability to estimate the local turbulent parameters of the gas phase. Such 

techniques can be coupled with a 2-D model, similar to the one used in this study, to achieve 

more confident estimation of the axial and radial profiles of Dzz and Drr. In addition, these 
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techniques will help us to understand how the relative magnitudes of different mixing 

mechanisms change with the column height. This can lead to a better prediction of the 

developing axial profile of the lumped axial gas dispersion coefficient. 

6.3 Mass Transfer 

The volumetric gas-liquid mass transfer coefficient, kLa and the gas-liquid mass transfer, kL, 

of oxygen were measured in a pilot-scale bubble column in the absence and presence of 

internals using the oxygen-enriched technique. The increase in kLa with increasing the 

superficial gas velocity at the high gas velocities used in this study may be attributed to the 

increase in the interfacial area at higher gas velocities. The presence of internals did not 

affect kLa significantly due to the balance between the increase in the interfacial area on the 

one hand, and the decrease in kL on the other hand. The decrease in kL was due to the 

decrease in the turbulent intensity in the presence of internals, while the increase in the 

interfacial area was due to enhancement of the rate of bubble break-up in their presence. 

 

The key finding of internals and column diameter obtained in this study are summarized in 

table 6.1. 

 

Table 6.1 - Effects of key variables studied in this work 

Variable Effect Supporting data 

↑ Ug 

 
(In the presence and 
absence of internals) 

↑ Overall εg 

↑ Gas circulation 
↑ Dg 
↑ Dzz of gas phase 
↑ Drr of gas phase 
↑ kLa 
↑ Interfacial area  
Insignificant effect on kL 

Figure 4.6 
Figure 3.2 
Figures 4.7 &  4.8 
Figures 4.11 & 4.12 
Figures 4.11 & 4.12 
Figure 5.7 
Figure 5.8 
Figure 5.8 

↑ Column diameter (D) 
 
(At any given Ug and % 
occluded CSA by internals) 

↑ Overall εg 

↑ Gas circulation 
↑ Dg 
↑ Dzz of gas phase 
↑ Drr of gas phase 

Figure 4.6 
Figure 3.4 
Figure 4.8 
Figure 4.11 
Figure 4.11 
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Presence of internals 
 
(For any given Ug and D) 

↑ Overall εg 

↑ Center-line gas velocity 
↓ Dg 
↓on Dzz of gas phase 
↓ Drr of gas phase 
Insignifanct effect on kLa 
↑ Interfacial area  
↑ Interfacial area  
↓kL 

Figure 4.6 
Figure 3.3 
Figure 4.7 
Figure 4.10 
Figure 4.10 
Figure 5.7 
Figure 5.8 
Figure 5.8 
Figure 5.8 

 

6.4 Internals 

In this work, only the effect of the occluded CSA by internals was studied. It was assumed 

that this is the most important parameter that can simulate the effect of internals. The effect 

of other parameters that are considered in the design of internals as discussed in Chapter 1 

should be studied at constant occluded CSA by internals. This includes the effect of tube 

diameter and tube configurations. In addition, the study of different shapes of vertical 

internals such as the U-shaped vertical internals and internals that are totally immersed in the 

liquid is of great interest to the industry. Finally, the validation of these finding in mimicked 

process conditions is important to assess the effect of pressure, solids loading, and the 

physical properties of different phases.  
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Appendix A – Effect of  Gas Tracer 
Solubility on the RTD of  the Gas Phase 
 

A mass balance on a tracer species in the gas phase and in the liquid phase of a bubble 

column are, respectively, described by the axial dispersion model yields: 
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with initial conditions: t = 0, cg = 0, cL = 0 and boundary conditions:  

           
  

  

   

  
     

   

  
    

(A.3) 

    
   

  
       

   

  
     (A.4) 

Using the above equations, simulations were run at typical experimental conditions used in 

this study at different values of Henry’s constant. Figure A1 shows the effect of the tracer 

gas solubility (Henry’s constant) on the residence time distribution of the gas phase at the 

column exit. At Henry’s solubility values greater than 50, the effect of overall volumetric gas-

liquid mass transfer is negligibly small at the experimental conditions of the current study as 

shown in Figure A.1. Therefore, since the Henry’s solubility constant of Helium at 298 K is 

110 (Green and Perry 2008), the interface term can be omitted in the gas tracer experiments. 

The solubility of the oxygen tracer used in the mass transfer experiments at 298 K is 32 

(Green and Perry 2008), indicating that the mass transfer term cannot be neglected. 
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Figure A.1 - Effect of gas tracer solubility on the gas tracer concentration at the outlet
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