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ABSTRACT
Study of the Effect of Surface Modification and Sulfur Impurities in Syngas on the
Fischer-Tropsch Performance of Cobalt Catalysts

Ashish S. Bambal

The effect of surface modification of the silica support on the Fischer-Tropsch (FT) activity and
the selectivity of cobalt catalyst were studied. The catalysts were characterized by N,-
physisorption, X-ray diffraction (XRD), X-ray photoelectron spectroscopy (XPS), temperature
programmed reduction (TPR) and hydrogen chemisorption. FT was carried out in a fixed-bed
reactor at 230 °C, 20 bar and 9000 sccm/h/g:, using syngas with H,/CO = 2.0. Surface
modification with chelating agents (CAs), i.e., nitrilotriacetic acid (NTA) and
ethylenediaminetetracetic acid (EDTA), results in a smaller crystallite size of cobalt oxides after
the calcination. In addition, the CA-modified catalysts contain well-dispersed cobalt oxides and
higher number of catalytic sites on the surface. The CO conversions and the hydrocarbon yields,
i.e., gC/Kg.i/h, are notably higher for the CA-modified catalysts at different operating
temperatures. The structure-activity relationships based on the findings confirm the advantage
of CA modification of the support during catalyst synthesis. In the next step, catalysts were
subjected to poisoning by 10 and 50 ppm sulfur in the syngas. At both the concentrations, the
sulfur is noted to adsorb irreversibly on the surface and to cause permanent loss in the activity.
In the presence of sulfur, the performance of both CA-modified catalysts is better compared to
that of the base catalyst. The sulfur poison affects the hydrogenation and the chain-
propagation ability of the catalysts, and shifts the product selectivity towards short-chain
hydrocarbons with a higher percentages of olefins. Highly dispersed CA-modified catalysts have

a longer life in the presence of sulfur poison.
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CHAPTER 1
INTRODUCTION

1.1 Background

Fischer-Tropsch synthesis (FTS) has been recognized as the promising technology for the
conversion of coal, natural gas and biomass-derived syngas into liquid fuels and chemicals. The
worldwide depleting oil reserves, energy supply security concerns, pollution abatements laws
and most notably ever-increasing fuel prices have fuelled the research interest in

commercialization of Fischer-Tropsch for the future. The FTS reaction in general is represented

by,

1
CO+2H2_)H(_CH2_)n+H20 (1.1)

Improvements in the performance (activity, stability, selectivity etc.) of the catalyst
materials are needed to accelerate the commercialization of Fischer-Tropsch technology based
on coal and/or biomass derived syngas. Especially, the rapid deactivation of catalyst in the
presence of gas impurities, such as sulfur, has been one of the major areas in catalyst
development needing more attention. Sulfur impurities in biomass- and coal-derived syngas are
found in the form of organic and inorganic sulfur causing severe damage to catalyst activity.
The activity of cobalt catalysts has been known to drop from a few months to a few days, due
to the presence of ppm levels of sulfur in syngas. Therefore, there is an opportunity to improve
the performance of cobalt catalysts to withstand syngas impurities.

In this work, the aim is to improve the performance and stability of silica-supported
cobalt (i.e., Co/SiO,) catalysts. A cobalt loading of 20 wt% is used, consistent with the
conventional catalysts. The silica support is modified with one of the two chelating agents
(nitrilotriacetic acid or ethylenediaminetetracetic acid) before impregnation of the cobalt salt.
The activity of the base catalyst and the modified catalysts are evaluated under relevant FT
conditions in a fixed-bed reactor. The catalysts are compared on the conversion of syngas and
product selectivities. In addition, the catalysts are characterized before and after the reaction in

order to establish the structure-activity relationship.



In the next step, a protocol is developed to introduce organic sulfur impurities with the
aid of a liquid delivery system. The base catalyst is subjected to various levels of sulfur
impurities and the performance is monitored in the pre-poisoning, the poisoning and the post-
poisoning stage. Similarly, the CA-modified catalysts are subjected to the sulfur impurities to

study the effect of poisoning.

1.2 Statement of the Problem and Objectives
Silica-supported cobalt catalysts have often been reported to suffer from a strong
interaction between the metal and the support, leading to the poor performance of the
catalyst. Strong bonding can result in the availability of fewer metal atoms on the surface for
reaction (i.e., lower metal dispersion) causing a significant drop in the activity. Therefore, the
modification of the support surface by a chelating agent is proposed to improve the
performance of Co/SiO, catalysts. In addition, the cobalt catalysts commonly used for FT
synthesis are sensitive towards impurities in syngas. There are very few studies in the literature
focusing on the catalyst poisoning due to organic sulfur impurities present in the coal- and/or
biomass-derived syngas.
Objectives of the study are as follows:
1. To compare the syngas conversions and the hydrocarbon selectivities of the base
catalyst and the CA-modified catalysts at 220 and 230 °C.
2. To perform physical characterization of the fresh and spent catalysts to establish the
structure-activity relationship.
3. To evaluate the effect of operating temperature, and space velocity on catalysts.
4. To determine the kinetic parameters and mass-transfer limitation for catalysts
investigated in this study.
5. To develop a procedure to introduce sulfur impurities into the inlet syngas with the
existing laboratory reactor setup.
6. To study the poisoning effect of organic sulfur impurities in the form of butanethiol on
the base catalyst and CA-modified catalysts by comparing the activities and product

selectivities.



CHAPTER 2
LITERATURE REVIEW

2.1 Introduction

Since its arrival in the 1920s, Fischer-Tropsch (FT) synthesis has seen a growing interest
as a tool for processing synthesis gas (CO plus H,, syngas) into premium quality fuels such as
naphtha, jet fuel, diesel, and gasoline. The major driving force for the commercialization of gas-
to-liquid (GTL) technology is the high crude-oil prices and the growing demand for clean diesel
fuel in the world™™. The viability of any commercial fuel production process is generally
governed by the performance of a catalyst used. In practice therefore, the selection of a
suitable catalyst is generally based on its activity and stability.

At present, the interest in the hydrocarbon fuels has shifted towards maximizing the
yield of diesel range FT products (i.e., C10-Cy0). Moreover, the recent laws for sulfur emissions
abatement have increased a demand for low-sulfur diesel. The syngas derived from a
gasification of coal and/or biomass may contain impurities such as sulfur, chlorine etc. The
impurities are carried along with the syngas to a catalytic bed of the FT unit, causing a severe
catalyst deactivation. Hence, the development of a catalyst displaying a functional balance to
produce liquid hydrocarbons selectively and able to withstand the sulfur impurities is the goal
of this study.

In this chapter, an introduction to FT synthesis and reactions involved in the process is
presented. The selection of cobalt as a catalyst in this study, to process coal and/or biomass-
derived syngas, has been supported by some of the previous studies from the literature. The
types of biomass which can be used as a feedstock for syngas production are reviewed and
compared based on their C and H content. In addition, a brief overview on the potential syngas
impurities and their effects on the catalyst performance are presented in the context of the
present research. Finally, the performance of Co/SiO, catalysts modified by chelating agents is

reviewed.



2.2 Fischer-Tropsch Synthesis

The FT process is a catalyzed chemical reaction in which a mixture of hydrogen and
carbon monoxide, often called synthesis gas (syngas) is converted into different forms of
hydrocarbons (HCs). The reactions involved in Fischer-Tropsch synthesis (FTS) are summarized
in Table 2.1°. FTS comprises of many polymerization reactions initiated by the formation of a
methyl or methylene monomer on a solid catalyst. Therefore, the primary FT products due to
the polymerization reaction include paraffins, olefins and alcohols, in addition to CO, and
water®,

Table 2.1 Reactions in Fischer-Tropsch Synthesis®

Overall Reactions
Main Reaction
1. Paraffins (2n+1)H, +nCO — C,Hop,p +NHL0
2. Olefins 2nH, +nCO —» C,,H», +nH,0
3. WGS reaction CO+H,O < COy +HH
Side Reactions
4. Alcohols 2nH2 +nCO —>C2H2n+20+(n—1)H20
5. Catalyst (MM, Oy + yH; <> yH,0 + xM
?Sdrf,ﬂ?anfé :z‘:)“c“ms (ii)M Oy + YCO ¢> yCO, + XM
6. Bulk carbide formation yC+xM & M,Cy
7. Boudouard reaction 2CO > C+COy

2.3 Reaction Kinetics
Reaction steps contributing to the formation of linear hydrocarbons on cobalt catalyst
are summarized in brief below’.

i. In the first step, H, and CO species are assumed to adsorb dissociatively on the cobalt
surface. The adsorption process results in the formation of several species like CH, CH,, and
CH3, as mentioned in the literature® .

ii. Chain growth of the adsorbed species occurs by insertion of methylene (CH,) species®.
Methylene species are considered as a monomer for the carbide mechanism, the most
plausible mechanism for the hydrocarbon formation on the cobalt'® and iron* catalysts.

iii. Chain termination is known to proceed with the addition of the CHs species, the addition of

H to paraffins or by the abstraction of hydrogen to olefins’.
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iv. Finally, secondary reactions occur with desorption of the primary products from the catalyst
surface and further interaction with other catalytic sites prior to formation of end products
such as a-olefins and iso-paraffins’?. Such secondary reactions can therefore greatly
influence the type and the molecular weight of the hydrocarbons from FT synthesis®.

During the FTS process, a hydrogen molecule may react either in the molecular state or
via dissociative adsorption. The adsorption process of hydrogen can be influenced by
parameters such as the catalyst material, the reaction conditions and co-adsorption of the
other species®. Most transition metals commonly used as the FTS catalyst are capable of
dissociating hydrogen on the catalyst surface before hydrogen undergoes a reaction to form

8, 10, 13

long-chain hydrocarbons . Similarly, CO reaction may occur either with associative or

dissociative adsorption. Associated adsorption of CO proceeds with carbon-metal bond

13, 14
.0

formations. It in turn acts as a precursor to dissociate CO and form the carbide species n

the other hand, in dissociative adsorption CO directly dissociates on the metal.

2.4 Choice of a Catalyst

The products of FT synthesis cover a wide range of hydrocarbons such as paraffins,
olefins and alcohols (see Table 2.1). In recent years however, the hydrocarbons with a narrower
carbon number range, e.g., Cs-Cyo, have drawn a great deal of attention, due to applicability as

8131516 Typically, the middle HC fraction (i.e.,

a fuel or fuel additives without further upgrading
C7-C14) among FT products displays a high cetane number which contributes to a superior
combustion and reduced emissions when used as a diesel fuel®. Numerous studies have been
successful in correlating the observed distribution of FT products, with the types of catalyst and

6 17 Therefore, the choice of a catalyst is vital and is often

selected operating conditions
governed by the desired product distribution.

Metals commonly used as catalyst for FTS include Group VIII elements such as nickel,
iron and cobalt. The average molecular weight of hydrocarbon produced by a FT catalyst
decreases in the following sequence: Ru> Fe > Co > Rh > Ni. Therefore, only ruthenium, iron,

and cobalt have catalytic properties useful for the commercial production®® *°. Nickel

predominantly is a methanation catalyst; cobalt favors synthesis of straight-chain paraffins



whilst iron gives paraffins, olefins and oxygenated products® **%2

. Alternatively, ruthenium is a
very active, but expensive, choice for FTS catalyst, as compared to Fe and Co. Ru produces
higher quantities of methane at relatively low operating pressure (P < 100 bar), whereas at
relatively low temperatures and high pressures, Ru is selective towards high-molecular-weight
waxes?>?*. Since cost is a major driving force in the selection of a catalyst, iron usually has an
obvious advantage over Co and Ni. Among all the choices, however, cobalt catalysts are
reported to offer highest hydrocarbon yields, longest lifetimes and predominantly linear
alkanes during the synthesis'® 2% 2% 2>,

Additionally, the H,-to-CO ratio of the syngas governs the choice of catalyst metal to
some extent. Syngas derived from coal is generally rich in CO and has a H,-to-CO molar ratio
anywhere from 0.5 to 1.0. On the other hand, biomass-derived syngas is richer in H,, with molar
ratios ranging from 2 to 3. The cobalt catalysts show lower activity towards WGS activity (see
Table 2.1), hence they require a higher syngas ratio due to their inability to convert additional
CO into H,%°. However, cobalt catalysts are not significantly inhibited by moisture present in the
syngas, resulting in higher productivity at high synthesis-gas conversion. Iron is known to
oxidize at much lower H,0O/H; ratios than cobalt, which causes significant loss of activity for iron

. 17, 27
during the process® '”

. For these reasons, cobalt-based catalysts are preferentially used in
the natural-gas-based and the biomass-derived syngas processing. The detailed comparison of

cobalt and iron catalyst has been made elsewhere®’.

2.5 Operating Conditions and Product Selectivity

Irrespective of the operating conditions, the FT products comprise a wide range of HCs.
The distribution of these products can be tuned to some extent by thoughtful selection of the
operating conditions, feed-gas composition, catalyst type and promoters. The carbon-number
distribution for FTS commonly shows the highest concentration around C; and a monotonic
decrease for higher carbon numbers after a local maximum around Cs-C,% Y. Over the past two
decades, extensive efforts have been made to improve the selectivity of FTS catalysts for Cs,

hydrocarbons to maximize gasoline-range or diesel-range HCs.



Table 2.2 shows the general influence of the operating parameters on the selectivity of
hydrocarbons®. Increasing the temperature shifts the selectivity towards the lower carbon
number and to more hydrogenated products. As the degree of branching increases, the
formation of secondary products such as ketones and aromatics is enhanced. On the other
hand, increasing the pressure increases the extent of conversion and the chain length of the
products. At lower partial pressure of CO, the surface coverage by intermediate CH, species is
lower, and hence the desorption probability of (CH,), is higher. On the contrary, higher partial
pressures of H, increase the termination of surface species, to form more paraffins. Thus, one
may expect a higher selectivity of lighter and more saturated hydrocarbons with a higher H,/CO
ratio. This could, however, be an oversimplification, as many other parameters contribute to
selectivity in FTS reactions.

Table 2.2 Selectivity control in Fischer-Tropsch synthesis by process conditions
(™, increase with increasing parameter; |, decrease with parameter; *, complex relation)

Parameter Chain Chain Olefin Alcohol Carbon Methane
Length Branching Selectivity Selectivity Deposition Activity
Temperature NJ ™ * NE ™ T
Pressure ™ N2 * T ¥ v
H,/CO N2 T N2 N2 NZ T
Conversion * * N N2 ™ T
Space Velocity * * ™ ™ * N)

The kinetic and selectivity studies of FTS have been divided in two parts in the literature.
In the first case, major consideration has been given to catalyst improvements and postulating
empirical power-law kinetics for the reaction rates. Subsequently, the distribution of
hydrocarbon vyield is modeled by an Anderson-Schulz-Flory (ASF) distribution to study the
selectivity of the products formed. In the second case, there are very few studies and they aim
at understanding the reaction mechanism. Several authors have explained the reactant
consumption and product distribution by deriving the rate expressions based on the Langmuir-
Hinshelwood-Hougen-Watson (LHHW) model®. However, models which can effectively combine
overall consumption and the product distribution are very scarce in the literature but are of

great importance.



2.6 Role of Water-Gas Shift Activity

The water-gas shift (WGS) reaction shown in Table 2.1 is an important step when a non-
stoichiometric syngas is to be processed. The WGS can reach equilibrium at high temperatures
(T > 250 °C) over an active catalyst. Most iron-based catalysts show very high activity towards

WGS, as compared to cobalt and ruthenium? 2’ %8

. For iron catalysts, magnetite (Fes0,) is
considered to be the most active phase for WGS activity. It is generally assumed that WGS and
FT reactions proceed on different active sites on the catalyst. WGS has been proposed to
proceed by several mechanisms reported elsewhere in the literature® 2. Studies over iron and
cobalt catalysts suggest that the formation of formate species is responsible for the WGS
activity’. The formate species are said to form by the reaction between a hydroxyl species (or
water) and carbon monoxide in the gas phase or in adsorbed phase’. The hydroxyl
intermediates may be formed by decomposition of water over the catalyst surface. Carbon
dioxide is formed after reduction of such hydroxyl intermediates. However, some studies refute

the formate formation mechanism and propose the direct oxidation of CO to form co,> > %2

29

2.7 Syngas-based Synthetic Fuel Plants

The industrial application of FT started in Germany in 1938, with nine operating plants
having total annual capacity of about 660x10° tons (TPA). Production was ceased soon after
WWII due to poor economics. In 1950, a 360x10° TPA plant based on CH;-derived syngas was
built in Brownsville, Texas. By 1982, Sasol (South Africa) commissioned three plants with
combined capacity of 4200x10® TPA. In 1993, Shell built a FT operation plant in Malaysia for
synthesis of high-quality diesel fuel and waxes. In 2006, the Sasol Oryx 34,000 billion per day
(bpd) plant was inaugurated. Sasol-Chevron is currently building its Escarvos GTL plant in
Nigeria. Shell and Exxon have signed an agreement on building 140,000 and 150,000 bpd GTL-
FT plants in Qatar. Many production plants are in construction phase or are being planned by
ExxonMobil, Syntroleum, BP and Chinese companies due to renewed interest in FTS because of

rising crude-oil prices 30,



2.8 Deactivation of Cobalt Catalysts

The deactivation of cobalt catalyst can occur mainly due to a number of different
mechanisms®', such as, (i) oxidation of the active cobalt metal to an inactive cobalt oxide, (i)
cobalt-support interaction resulting in formation of cobalt silicates and cobalt aluminates, (iii)
poisoning by impurities present on the syngas, (iv) sintering of small crystallites into larger
ones, (v) surface reconstruction, and (vi) carbon formation.
2.8.1 Strong Metal-Support Interaction

A strong interaction between an active metal and support is undesirable and may result
in poor FT activity. In general, the drop in catalytic activity has been attributed to the depressed
reducibility of the oxide precursor, which results in the availability of fewer metal atoms for

617.27.23 The type of metal precursor (in addition to many other parameters) can have

reaction
an impact on catalyst behavior. The cobalt ions in an impregnating solution are surrounded by
water ligands. These ions may interact with the silica support and form surface complexes. The
species responsible for such interactions on silica are silanol groups, which are amphoteric
materials. Depending on the pH of the impregnating solution, they may exist in the form of
SiOH, SiO™ or SiOH," species. The polarized nature of both transition metal complexes and
inorganic oxides causes the adsorption of species due to electrostatic interaction between
them. The result of this interaction is a strong metal-support interaction on a catalyst >*>*,

The effect of a metal precursor, used for impregnation of Co/SiO, catalysts, on its
reducibility and dispersions properties has been studied™. Complexes from an acetate
precursor were assumed to interact with dissociated silanol groups and thus to form larger
amounts of cobalt silicate. In addition, the formation of cobalt silicate was shown to be
influenced by pH of the impregnation solution, surface area of the support, extent of solvent
polarity and calcination and drying temperatures.

It must be noted that during the calcination step, the formation of small Co oxide
clusters (e.g., CoO, Co304) needs some assistance from the support for their growth. However, a
strong interaction is undesirable and may depress the extent of reduction for Co species. The

effect of mixed Co-precursor such as cobalt (ll) nitrate and cobalt (II) acetate on FT activity of

Co/SiO, catalyst has been studied *°. The performance of catalysts with a mixed precursor was



compared with the catalyst prepared with a single precursor. The cobalt catalyst with the
acetate precursor displayed a strong metal interaction with SiO, support and showed a
difficulty in reduction, as compared to a nitrate precursor. However, in case of the mixed
precursor catalyst, Co sites existing from a nitrate precursor were found to provide assistance

to the reduction process of highly-dispersed Co-species from an acetate precursor.

2.9 Modification with a Chelating Agent

Silica and alumina are commonly used as supports for commercial cobalt catalysts. In
case of the silica-supported catalyst, the interaction between metal and support is relatively
weak; leading to a better reducibility of oxides of cobalt. On the other hand, cobalt dispersion is
much lower in the silica-supported catalysts compared to alumina-supported ones. Therefore,
synthesis of silica-supported cobalt catalysts with high dispersion is one of the challenges in
designing a high-performance FT catalyst’.

A chelating agent is a multidentate ligand which, when contacted with metal ions, forms
several bonds with each metal ion. The complex formed by a chelating agent and metal is called
a chelate. Chelating agents have been widely used in metallurgy for separation of minerals, in
textile industries to remove metal contaminants, and for removal of metals from food.
However, use of a chelating agent in the preparation of a solid catalyst is fairly new®’.

Recently, the effect of catalyst modification with chelating agents on the performance

of Co/SiO, catalyst in FT synthesis has been investigated 3% 3’38

. The impregnating solution
containing cobalt nitrate was modified with different chelating agents, nitrilotriacetic acid
(NTA), ethylenediaminetetraacetic acid (EDTA) or trans-1,2-diaminocyclohexane-N,N,N’,N’-
tetracetic acid (CyDTA). Catalysts containing 5 w% modified with a chelating agent showed a
more-dispersed phase of Co304 after calcination, as compared to calcined catalysts without any
chelating agent. NTA was seen to be a particularly effective chelating agent among three.
Typically, in the case of NTA-modified catalysts after reductions at 800 °C, ca. 90 % of Co30,
species formed after calcination changed into metallic Co. This catalyst showed significantly

high selectivity for C19-Cy0 hydrocarbons when used for FT synthesis. Furthermore, with NTA-

modified catalyst, CO conversion jumped to ca. 60 % over 20 h of time on stream, in contrast to
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20 % for catalyst with no chelating agent. Overall Cs, selectivities of modified catalysts were
seen to be slightly lower than catalysts with no chelating agents. Although a detailed
mechanism of the influence of a chelating agent is still unclear, it is hypothesized that the
complex formed between Co®* and NTA in the impregnating solution prevents the sintering of
Co species during drying and calcination. The complex formed possibly shows resistance to
sintering as it contains a bulky structure where metal ions are surrounded by ligands. Figure 2.1
compares the space-time yield (STY) of C1o-Cy0 hydrocarbons (equivalent to diesel fraction) over
the different catalysts34, each containing 5 w% cobalt. The STY of Cy1o-Cy hydrocarbon is higher
for the catalyst with chelating agents. In particular, the preparation with NTA increases the STY
of C10-Cyo hydrocarbons by factor of ca. 3.

Koizumi et al.** studied the activity enhancement of the cobalt catalyst prepared by the
co-impregnation of the chelating agents and the metal precursor, at lower metal loading of 5
w%. They found NTA to be particularly effective among all the CAs studied. The conversion
over NTA-Co/SiO;, was observed to be ca. 3 times higher than that over Co/SiO,. They reported
the order of enhancement in FT activity due to CA modification as; Co/SiO, < EDTA—Co/SiO; <
NTA—-Co/SiO; for the shorter duration of TOS of 20 h. They also pointed out that the control of
interaction between cobalt ions, chelating agents and SiO, surface was crucial to the
preparation of CA-modified Co catalyst with higher FT activity.

Therefore, based on the literature, the surface treatment of silica support can be
potentially used for improving properties of Co/SiO, catalyst. The CA modification would also
be a cost-effective way to improve catalyst performance, compared to the use of costly
transition metals as promoters. Further, there exist no studies focusing on the support
modification by CA at higher cobalt loading, 20 wt%. Therefore the present study is undertaken
to evaluate the effect of CA modification on the performance of FT catalyst with higher cobalt

loading, 20 wt%.
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Figure 2.1 Effect of modification with chelating agent on the space-time yield (STY) of C10-Cyo
hydrocarbons obtained with reduced Co/SiO, catalysts 34
(Reaction conditions; 503 K, 1.1 MPa, 5.0 g-cat h moI-CO'l)

2.10 Potential Biomass Feedstock for Syngas Production

Syngas can be produced by the gasification and/or reforming of biomass, coal, and
natural gas. Biomass is now well recognized as a potential renewable source of energy. Biomass
sources available for gasification include wood wastes, agricultural remnants, residues from
logging and forest management, fast-growing energy crops, and municipal wastes. Some of the
potential feed-stocks that can be used to produce syngas are characterized in Table 2.3. The
major constituents of any biomass include cellulose, hemi-cellulose and lignin. Generally, the
main constituents of the biomass minerals are Si, Ca, K, Na and Mg, with smaller amounts of Fe,
Mn and Al. These mineral constituents may occur in the form of oxides, silicates, carbonates,
sulfates, chlorides or phosphates39. The gasification of biomass primarily produces hydrogen
and carbon monoxide, with lesser amounts of carbon dioxide, water, methane, higher
hydrocarbons and nitrogen. The interest in biomass gasification to syngas arises from the fact

that H, and CO carry more than 70 % of the energy stored in the biomass.
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Table 2.3 Potential biomass feedstock available for gasification

(-, data not provided)

Ultimate Analysis Proximate Analysis
(% dry ash free basis) (wt % basis)
Biomass Feedstock C H N o} Moisture | Volatile Fixed Heating Value Reference
(daf) Carbon (MJ/kg)
Bagasse 43.8 58 04 471 - 84.2 - - 39
Coconut Shell 50.2 5.7 0.0 43.4 - 80.2 - -
Groundnut shell 48.3 5.7 0.8 39.4 - 83.0 - -
Rice Husk 38.9 5.1 0.6 32.0 - 81.6 - -
Rice Straw 36.9 5.0 0.4 37.9 - 80.2 - -
Wheat straw 47.5 5.4 0.1 35.8 - 83.9 - -
Sawdust 42.5 6.3 0.2 - 8.5 77.4 12.9 18.8 40
Thistle 40.8 5.5 0.3 - 10.0 60.7 15.7 16.1
Corn Cob 49.0 54 0.4 44.6 5.8 76.5 15 17 41
Beech Wood 50.4 7.2 0.3 41.0 19.0 85 14 18.4
Pine Sawdust 48.3 7.3 0.3 43.4 9.1 84.1 15.2 19.8 42
Olive Husk 47.5 5.8 1.5 45.2 9.0 - - - 43
Pine Pinaster Chips 50.0 5.7 0.2 441 12.0 75.0 12.5 18.8 44
Pine and bark 41.8 53 0.2 52.7 11.1 74.4 124 18.5 45
woodchips
Jute Stick 49.8 6.0 0.2 41.7 3.0 76-78 21.4-23.4 19.1 46
Cedar Wood 51.1 5.9 0.1 42.5 10 68-70 29.7-31.7 19.1
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Table 2.4 presents the composition of product gas and H,/CO ratios after gasification of
various biomass feedstocks reported in the literature. In principle, biomass gasification with air
yields syngas with a H,-to-CO ratio close to or lower than 1, which would be appropriate if the
produced syngas is used as fuel by burning. However, a H,/CO ratio of 2 or higher is desired, if
syngas is subjected to fuel production by the FT route. Thus, a gasifying medium with steam or
a mixture of steam and oxygen is generally used to improve the H,-to-CO ratio to higher than 2,
more suitable for activity of cobalt catalyst *’. The presence of low H,/CO ratios and a large
excess of carbon dioxide in the syngas produced from biomass could pose problems for the
production of methanol or dimethyl ether (DME). The overall yield of such products has been
reported to be lowered by the large amounts of CO, in syngas®. The H,/CO ratio can be
adjusted either by adding hydrogen or by using the water-gas-shift (WGS) reaction. Although
hydrogen addition uses the carbon contained in the biomass more efficiently, it requires a large
supplementary capital investment. In contrast, WGS can convert the excess CO to CO, and
stoichiometric adjustment can be accomplished economically by excess carbon dioxide
removal. However, an efficient and economical CO, removal system is still a developing

technology *’.
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Table 2.4 Composition of syngas derived from biomass in different gasification processes

(BFW, bubbling fluidized bed; DBG, dual-bed gasifier; FIB, fluidized bed; FxB, fixed bed)

Process Conditions

Product Gas Composition

Biomass Feedstock (mol%) Reactor | H,:CO | Reference
T(°c) |P(atm)| H, | co | co, | cH, Ratio

Wheat Straw 650-780 1.1 - - - - FIB  1.1-2.4 ©
Thistle 650-780 1.1 - - - - FIB  1.7-2.4
Sawdust 650-780 1.1 - - - - FIB  1.8-2.3
Wood Chips 650-780 1.1 - - - - FIB  1.4-2.3
Bagasse Char 700-850 1 67-76 9-18 12-17 0.4-1.3 FxB  3.8-7.8 *
Municipal Solid Waste - - 234 391 244 493 FIB 0.6 "
Pine Sawdust 800 1 33 16 20 7 BFW 2 “
Pinewood Chips 750-780 1 13-31 42-52 14-36  6-7 BFW 0.5 e
Pinus 780-890 1 - - - - FIB  0.3-0.8
Pinaster Chips
Biomass Derived Oil - - 333 29 4.9 17 FIB  1.2-2.4 *
Biomass Derived Char - 70 14 14 1 FIB 4-7
Cedar Wood 823-923 1 - - - - DBG  1.2-1.3 “5
Jute 823-923 1 - - - - DBG  1.1-1.3
Rice Straw 823-923 1 - - - - DBG 1-1.2
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2.11 Contaminants Present in Biomass-derived Syngas

Syngas produced from biomass gasification may have one or more of the categories of
contaminants listed in Table 2.5*. Impurities entering the downstream processes along with
syngas may include S, Cl, As, Ca, K, Na, F, P, NHs, and Hg. The identity and amount of these
contaminants varies largely with the type of feedstock and the process conditions used for
gasification. These impurities may exist in a particulate or gaseous form. Tars and naphthalene
are also considered as a potential hazard if syngas is processed in the absence of a gas-cleaning
stage™.

Of these contaminants, the alkali metals, ammonia, phosphorous and tars are not found
when coal is gasified. If the particulates do not vaporize in the combustion process and
consequently are allowed to enter the hot section, a high rate of contaminant deliveries to the
wall surface can result in severe damage of equipment even at low concentration*’. For
example, carbon monoxide from syngas can potentially extract Fe from piping and other
materials of construction, and this may result in a higher concentration of Fe-contaminants in
downstream gases.

The most critical factors affecting the type and rate of degradation are the size
distribution of particulates and levels of molten phases arriving at material surface. Greater
material degradation such as corrosion, erosion and deposition has been reported for turbines
operated with these impurities in the advanced gasification systems. Accordingly, many parts
have needed more-frequent replacement for biomass-derived syngas as compared to syngas
from natural gas, considered highly pure’.

Table 2.5 Possible categories of contaminants in raw—syngas41

Contaminants Example Potential Problem

Particle Ash, char, fluid bed material Erosion

Alkali Metals Na and K compounds Hot corrosion, catalyst poisoning
Nitrogen Compounds NH; and HCN Emissions

Tars Refractive aromatics Clogging of filters

Sulfur, Chlorine H,S and HCI Corrosion, emission, catalyst poising

According to the Synthesis Gas Rule defined by EPA®?, produced syngas should contain

less than 200 ppmv H,S, less than 300 ppmv of total nitrogen (other than N,), and less than 1
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ppmv of total halogens®®. Rule-of-thumb specifications for impurities that might be present in
biomass-derived syngas are: less than 1 ppmv for both the total sulfur (H,S, COS and CS;,) and
nitrogen-containing impurities (NHs and HCN), and less than 10 ppbv for both the total halides
and the alkaline metals. For naphthalene, this corresponds to an allowable content of 2 ppmvy,
while for the benzene compounds this corresponds to 2500 ppmv52.

Normally, due to high levels of sulfur in coal, the H,S content found in syngas after
gasification is as large as 10% to 10* ppm®’. Sulfur present in biomass can be converted to
hydrogen sulfide or sulfur oxides during gasification. Wood typically contains less than 0.1 wt%
sulfur and herbaceous crops may contain about 0.3-0.4 wt% sulfur A higher sulfur content in
the sewage sludge, as compared to biomass, is the major contributing factor towards the higher
concentration of sulfur impurities in the derived syngas. As a result of low levels of sulfur in the
biomass, the H,S and SOx levels in the product gases are below those requiring a clean-up stage
in most application554. However, even at low concentrations, sulfur can pose significant
problems. For example, the catalyst used for methanol production from syngas is known to get
severely poisoned by sulfur impurities. In addition, some tar-cracking catalysts are also sulfur
sensitive®® >,

The primary species of a nitrogen-containing contaminant in raw syngas is NHs. High-
protein feed-stocks such as animal waste or alfalfa can result in greater ammonia concentration
in the product stream, since protein acts as source of nitrogen during gasification. Ammonia is
undesired in the product stream since ammonia can lead to NOx formation.

Levels of tolerance for different applications widely vary and generalization is not
possible. However, the level of contaminants in general, permitted in a syngas for various
applications is presented in Table 2.6. For example, syngas of very high quality is needed for the
synthesis of methanol and FT fuels, whereas in case of applications such as turbines in power
plants, for which syngas is used as a fuel, relatively high contaminant levels may be

4
acceptable®® 3,
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Table 2.6 Acceptable Levels of Contaminants in Syngas for Various Applications

Syngas Application Contaminants Levels Temp. Pressure H,/CO Reference
(Y] (bar)

Synthetic Fuels Sulfur <lppm
Particulates  Low 200-400  20-30 0.6 o
CO, Low

Methanol Sulfur <lppm
Particulates Low
CO, Low 100-200 50 2.0 a7
Tars <0.1 mg/Nm?
NH; <10 ppm
Halides <0.001 ppm

Fuel Gas for Turbines Hydrocarbons High Not
Particulates Low 500-600 400 Important “a
Metals Low

PEM Fuel Cells co <10 ppm - - - i
H,S <1ppm
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2.12 Influence of Sulfur Impurities

Sulfur compounds that are generally found in syngas derived from coal and biomass are
considered as a poison to FT catalysts. The sulfur impurities in syngas may be present in the
form of hydrogen sulfide (H,S), carbon disulfide (CS,), carbonyl sulfide (COS) or thio-ethers
(RSR)”. Among these sulfur compounds, H,S is a more commonly observed form and
particularly poisonous to catalysts. The presence of H,S in as low as few ppm of concentration

can limit the life of a catalyst to few hours or few daysSG' >

. The extent of gas impurities in
syngas can be notably high especially if syngas is derived from the gasification of a coal or
biomass in absence of a catalyst or a post-processing stage (e.g., gas cleaning) *%. For example,
H,S contents in the range of 20 to 200 ppm have been reported for syngas produced from a
non-catalytic gasification of biomass™. Moreover, the syngas derived from waste plastic was
noted to contain H,S and COS impurities of ca. 300 ppm in concentrations®. Initially, a practical
upper limit of sulfur concentration in synthesis gas was reported to be as high as 1 to 2 mg/m?
mentioned elsewhere®’. However, with a better understanding of a detrimental effect of sulfur
on FT catalysts over the years, the acceptable level of sulfur in syngas has been reduced to few
ppm47.

Sulfur interaction with the FT catalyst appears to be quite complex and ambiguous as

addressed in the literature over the last five decades®” % &2

. The earlier work on development
of a sulfur-tolerant FT catalyst over four decades (1930-1970s) has been critically reviewed®. In
several studies, sulfur has been shown to have an overall beneficial effect, in contrast to a mere
catalyst deactivation. A lack of complete understanding of sulfur-catalyst interaction has been
the reason for the inability in explaining a notable change in product distribution and catalyst
deactivation.

In general, different catalytic sites on the same catalyst are believed to catalyze
different reactions in different ways64. In spite of availability of numerous catalytic sites, sulfur
tends to adsorb preferentially on thermodynamically favored sites, thus inhibiting reactions
which normally occurs on those sites. Therefore, observed changes in product distribution have

been largely attributed to selective blocking of catalytic sites by sulfur®. In addition, the

changes in product selectivities can be explained by the newly formed catalytically active sites
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during interaction between sulfur and the active metal, contributing to enhanced activity of

®3% For example, the performance of Pd/CeO, catalysts have been evaluated for

catalysts
methanol synthesis from syngas in presence of H,S impurities. The H,S molecules were
reported to oxidize over the surface of Pd/CeO, catalyst, in contrast to a sulfide formation
generally seen on Cu/ZnO and Pd/Al,03 catalysts. Surprisingly, Pd/CeO, catalysts exhibited
improved stability for methanol synthesis in presence of 30 ppm H,S at 240-250 °C, 2.5-4.0 MPa
and 1000-2000 h™*°°,

Catalyst poisoning studies are extremely important as they can provide information
about the amount of poisons catalyst can tolerate. This information can be used to decide the
optimum level of syngas cleaning and to design sulfur-tolerant catalysts. Some laboratory
studies in the literature have highlighted the detrimental effect of sulfur on the performance of
FT catalysts. However, there are very few of those focused on cobalt catalysts. In general,
cobalt is known to show strong sensitivity towards sulfur poisoning, as compared to the iron

63,6567 Furthermore, most of these studies (e.g., Visconti et al.®®) have been performed

catalyst
by pre-sulfiding the catalyst. However, the ex-situ poisoning approach does not represent the
actual physical situation where the impurities are present in the inlet syngas. Moreover, in-situ
studies of sulfur poisoning have been mostly performed with H,S (e.g., Bartholomew et al.®’)

.%). The literature

and studies with organic sulfur are almost nonexistent (e.g., Pansare et a
focusing on the design of novel FT catalysts and their reaction pathways is numerous (e.g., Laan
et al.?), but again relatively few studies have looked into the poisoning effect. This can be
explained by the complexity and the safety issues present with the sulfur compounds: sulfur
has tendency to adsorb on process lines and can therefore damage parts of the reactor setup.

Therefore, there exists an opportunity to study the poisoning effect of sulfur on the

performance of cobalt catalyst.

2.13 Development of Sulfur-Tolerant Catalysts
In a commercial Fischer-Tropsch process, a desulfurizing unit is necessary to process raw
syngas and to reduce the sulfur contents to a desired level. Desulfurizing units in general are

capable of efficiently removing the sulfur compounds completely from the raw syngas to as low
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as 1 ppm of concentration levels in a processed gas’’. The development of a
sulfur-resistant catalyst is expected to minimize the load on de-sulfurizers and hence allow
processing of a bio-syngas (derived from coal, biomass etc.) in a more economical way.

Over the years, several attempts have been made to improve the sulfur tolerance of FT

catalysts 32,57, 63-66

. However, compared to significant efforts in the development of a novel FT
catalyst, there are very few studies in literature which highlight catalyst poisoning. In the past,
attention was mainly focused on the reaction using coal-derived syngas that has a low H,/CO
ratio and contains large amounts of H,S (10° to 10* ppm). There are very few studies focusing
on processing biomass-derived syngas that have relatively high H,/CO ratio and low sulfur
content **,

2.13.1 Laboratory Scale Study of Catalyst Poisoning

Sulfur compounds can be easily adsorbed on walls of a reactor and piping, therefore
designing of a laboratory sulfur-poisoning experiment needs careful attention to be paid to
material selection. Stainless steel components are the least susceptible to sulfur interaction,
and have been successfully used for FT synthesis in laboratories. All the experimental
components are therefore strictly fabricated from stainless steel to minimize the adsorption
problem’. Specially designed gas cylinders are required for gas storage in order to minimize
the sulfur diffusion into the walls.

Laboratory-scale poisoning experiments can be carried out in two ways. Firstly, the FT
catalysts can be pre-sulfided with sulfur precursor (e.g., ammonium sulfide) and the catalyst
performance can be subsequently evaluated at FT conditions ®. In the second approach,
impurities such as H,S or COS can be first premixed with syngas and then can be subjected to
FTS®. The latter approach resembles conditions commonly experienced by a catalyst in a
commercial process and therefore, is implemented to provide better understanding of the
poisoning process.

The development of sulfur-resistant catalysts to date has been based on two
approaches; the first approach incorporates the use of a ‘sulfur-sink’ additive to adsorb sulfur-
based impurities selectively’’; the second approach includes the pre-treatment of catalyst with

gases such as H,, CO, and pre-nitriding®. Of the two approaches, the use of additives (or
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promoters) has shown promising results in context of syngas conversions, selectivities for long-
chain HCs, along with ease of regeneration for a deactivated-catalyst. On the other hand, the
pre-treatment method has been effective at extending the shelf life of Fe-based catalysts
compared to cobalt &.
2.13.2 Response of Promoted FT Catalysts to Sulfur Impurities

Addition of a promoter to a catalyst matrix can extend the shelf-life of a catalyst.
Commonly used promoters include transition metals and have been shown to improve the
performance of catalysts even in small quantities®’. Promoters can selectively adsorb impurities

15, 63

and assist the reduction of a metal during pre-treatment . The promotional effect of alkali

metals on FT catalysts has been proved to have a notable effect in improving stability against
sulfur impurities®® % 2% 24 72,

The promotional effect of boron addition on Fe/SiO, and Co/SiO, catalyst has been
studied in the presence of H,S impurities®’. During in-situ exposure of 0.5 ppm of H,S for
several days, the normalized activity (i.e. specific activity at any time t, divided by the initial
activity at t=0) of the boron promoted Fe catalyst was noted to increase by 40 % than in the
absence of boron. This was explained by the selective adsorption of H,S on boron sites of a
catalyst. Boron assisted in delaying the deactivation of Fe-sites especially at low H,S
concentrations. In contrast, the normalized activity for a Co/SiO; catalyst in the same study was
reported to decrease from 1 to 0.5. Furthermore, Co/SiO, catalyst showed a shift in selectivity
to high molecular weight HCs.

The sulfur poisoning of a precipitated Fe catalyst has been reported elsewhere’” . The
addition of a large amount of MnO in Fe-catalysts was observed to improve the H,S tolerance
(ca. 300 ppm) for both Hy—rich and CO-rich syngas processing. In addition, the observed
increase in selectivities of such precipitated Fe-MnO catalysts towards C,-C; olefins was
attributed to the modifications of active sites by MnO over the catalyst surface.

The effect of sulfur addition during preparation of Co/Zn/TiO, catalyst has been
investigated’®. The unsulfided catalysts with or without zinc were found to produce more
higher-molecular-weight products (C1,+) and less methane. On the contrary, a drastic increase

in the C;-C;; selectivity and a decrease in the Ciy. selectivities were observed for sulfided
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catalysts, as as presented in Table 2.7. The changes in the selectivities were explained by
preferential adsorption of sulfur on cobalt and zinc causing blocking of active sites for FT
reactions. The effect of sulfur contaminants on FT product selectivities is also presented in
Table 2.7.

Another aspect of improving the stability of FT catalyst follows a pre-treatment step
with H,, CO, H,S or H,/CO gases before subjecting the catalyst to FTS. For example, a Fe-Rh/SiO,
catalyst after H, treatment showed higher selectivity towards straight-chain hydrocarbons 32,
On the other hand, sulfided catalysts showed greater selectivity towards alcohol (e.g.
methanol).

A notable increase in the CO conversion with increase in the zirconium content of a
Co/SiO, catalyst has been reported”. The Cs, selectivities and the secondary hydrogenation
activity were noted to pass through a maximum with increasing zirconium content””.
Furthermore, addition of a promoter to a catalyst can greatly improve the dispersion of a metal

20, 76

on the support . Noble metals such as iridium, ruthenium, rhodium, rhenium or platinum

assist the reduction of divalent cobalt (Co**) to the metallic state, thereby keeping the cobalt

3,8, 23

highly dispersed on the support . In general, noble metals have strong inclination for

hydrogen activation and hence during reduction the oxides of cobalt are reduced to the

metallic form by a hydrogen spill-over mechanism > */

. For example, the effect of addition of a
promoter such as Re and Rh on Co/Al,O3 catalysts was shown " to enhance the selectivity of FT

towards higher-molecular-weight hydrocarbons.

23



Table 2.7 Effect of Sulfur Contaminants of FT product Selectivities

Catalyst Sulfur TP CO conversion % Selectivities % Reference
Loading CH, C,-Cs Cs.
Co/TiO, 0% 220°C, 29.9 15.3 10.1 74.5 7“
Co/S/TiO, 1% 8 bar, 19.1 25.4 19.8 54.8
Co/Zn/TiO, 0% H,/CO=2 43.4 18.3 12.5 69.2
Co/Zn/S/TiO, 1% 27.8 20.2 13.3 67.4
Co/S/Zn/TiO, 1% 24.4 22.4 15.8 62.0
Co/B/TiO, 0 ppm 250°C, 43.2 11.5 9.4 79.6 >
S/Co/B/TiO, 100 ppm 8 bar, 43.0 13.5 16.1 69.0
200 ppm H,/CO=2 44.0 16.0 18.0 66.1
500 ppm 24.0 39.0 36.6 23.4
Co/SiO, 0 ppm 220 °C, 25 8 18 74 8
10 ppm 20 bar, 19 9 18 73
100 ppm H,/CO=2 15 9 20 71
250 ppm 9 18 38 44
1000 ppm 2 29 45 26
Fe-Mn-K/AC 0 ppm 360°C, 97.4 - - - 9
S anions 500ppm 1.5 MPa 24.8 - - -
S0,% anions 500ppm H,/CO=2 90.4 - - -
Fe/Cu/K/SiO, 150 ppm 230°C, 56.7 3.4 15.5 81.1 80
2.0 MPa
H,/CO=2
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2.14 Relation of Literature Studies to Research Plan

The commercialization of cobalt catalysts needs an improvement in the FT performance
of the catalyst. More often, the silica-supported cobalt catalysts have poor dispersions and
hence fewer catalytic sites. The surface treatment of silica can be used to engineer the
properties of cobalt catalysts. Preliminary studies with modification by a chelating agent have
shown promising outcomes, and this technique needs to be further evaluated for the
conventional Co/SiO, catalyst. Furthermore, very few studies have discussed the effect of
catalyst poisoning due to organic sulfur in the inlet syngas under relevant FT situations. Also,
the effect of organic sulfur on the product selectivity needs to be carefully examined.

Accordingly, the protocol for the present research work is designed after careful review
of previous studies. In the first part, the effect of CA modification on the FT performance of
catalysts is investigated. In the next step, a novel procedure to study organic sulfur poisoning in
the laboratory reactor setup is discussed. Finally, the performance of cobalt catalysts, with and

without CA addition, is determined in the presence of sulfur impurities.
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CHAPTER 3
EXPERIMENTAL SETUP AND PROCEDURE

3.1 Introduction

A brief explanation of various components of the BenchCAT unit, used to perform
Fischer-Tropsch (FT) synthesis, is provided with the technical specifications. Also, different
characterization techniques used for investigating physical properties of solid catalysts are

noted.

3.2 Equipment Description

The BenchCAT™ unit was designed and built by Altamira Instruments to carry out FT
synthesis. The block diagram of the reactor system is shown in Figure 3.1. The unit has been
designed to operate at maximum process conditions of 500 °C and 1500 psig. A brief
description of the various process components used in the BenchCAT system is given below.
The reactor unit has four inlet gas lines for feeding CO, H,, N, and He/Ar. The system uses
Brooks 5850S mass-flow controllers (MFCs) to feed gases to the process manifold. The setup
also includes a liquid delivery system consisting of a syringe pump followed by an evaporator
and a volume expander. Heat tapes or trace heaters wrap the plumbing from where the various
feeds mix to the reactor. The heat tapes have a maximum set point of 230 °C. A dial pressure
gauge is located on each end of the reactor for constant visual display of the pressure.
Additionally, pressure transducers, one each located before and after the reactor, are used to
measure and record the pressure in the system. The reactor pressure is controlled using a

Brooks 5866 pressure control valve (PCV).
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The system includes a stainless-steel reactor tube with 1” O.D. x 0.688” I.D. x 35” L
specifications. A three-point thermocouple with points at 0”, 2”7, and 4” is inserted into the top
of the reactor to read the temperature within the catalyst bed. A set of two three-way valves is
used to by-pass the reactor. The installed furnace is used to maintain the temperature of the
reactor tube. The reactor furnace is rated at 2400 W and has a maximum operating
temperature of 700 °C. The reactor furnace is a three-zone split tube, approximately 30” in
length and 10” in outside diameter. The reactor furnace opens for removal of the reactor tube
between the test runs.

Heat tapes or trace heaters also wrap the plumbing from the reactor exit to the liquid
separation section. The BenchCAT system incorporates three stages of liquid separation after
the reactor exit. The first stage of liquid separation is the wax separator. The wax separator has
a volume of 500 mL and is designed to operate at a temperature up to 200 °C. The wax
separator is primarily designed to condense the high-molecular-weight waxes formed during
the Fischer-Tropsch process. The second, hot-liquid, stage has a volume of 1000 mL and is
designed to operate at up to 100 °C. Most of the aqueous phase, along with some liquid
hydrocarbons, would condense in this separator. The final stage consists of a tube-in-tube
condenser. The inner tube is 1/4” diameter stainless steel. The outside tube is 5/8” diameter
copper. For efficient condensation, the condenser is operated with water as a cooling medium
at a flow rate of 1-2 L/min at 4 °C or colder. This condenser serves to condense traces of any
condensable products escaping from first two condensers. Therefore, the final stage condenser
helps in avoiding product condensation in the exit lines, since condensation can damage the
PCV and GC detectors. Typically, during the actual run, the wax separator is operated at 190 °C,
the hot separator at 40 °C, and the cold separator at 4 °C.

The non-condensable products leave the condensation stages and are sent to vent lines
and GC analysis. The product gases exiting the BenchCat during the run are analyzed by the GC
unit at regular (short) intervals. On the other hand, the condensed products are collected at
longer intervals and are analyzed by an offline GC unit. The details of the product analysis

procedure are provided in the following section.
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The electrical cabinet accepts power from the main power station and distributes it to
the various components. The electrical cabinet also serves as the power source to the rest of
the unit and the communication port between the process and the computer. The unit uses the
FieldPoint™ modular interface system. The system includes a variety of isolated analog and
digital 1/0 modules, terminal bases, and network interfaces that allow connection to standard
networking technologies. The function of the control part of the cabinet is to accept analog
types of process signals, convert those to digital signals, and transmit them to the computer.
The computer system accepts all the process signals and maintains a digital log of all the
variables. All components are controlled through the computer by simple ON/OFF commands,
by analog voltage signals, or through PID loops. The computer control system acts to maintain
the system’s parameters automatically. Therefore, the operating parameters such as flow rate,
temperature and pressure can be controlled from the computer. Conversely, the electrical side
of the cabinet accepts the digital signals from the computer, converts them to various analog
controlling signals and transmits them to the processes. The electrical cabinet also controls
process shutdown, independent of the computer, to protect the process during any
malfunction. The process is protected by over-pressure by a relief valve and from over-
temperature by temperature-safety-switches (TSS). The settings on these protection devices
are based on standard practices. The TSS would automatically shut down the entire system,
independent of a computer shut-down.

LabVIEW software by National Instruments is chosen to perform the monitoring, data
acquisition, and operator interface for the system. The software is configured for the control
strategies, data acquisition, and process display to suit this application best.

The unit is periodically pressure-leak tested to 350 psi, using either helium or argon and
a bubble leak-detection fluid. The MFCs are calibrated by a soap-bubble flow meter. The

calibration charts of the MFCs are presented in Appendix A.

3.3 Gas-chromatography Unit
A Perkin-Elmer GC unit (Claurus 500) is attached to the FT reactor setup for on-line

analysis of the noncondensible products. As mentioned earlier, the outlet gases are analyzed
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every 0.5 h, using a HaySep packed column with a dual thermal-conductivity detector (TCD) and
a capillary column with a flame-ionization detector (FID). The operating conditions for the on-
line GC are given in Appendix B. The calibration charts are provided in Appendix C.

As mentioned earlier, the condensed products are collected every 24 h during the entire
run and are analyzed by an off-line GC (HP 3400). The GC used for liquid analysis is located in
the ERB lab of WVU. The organic phase of the liquid samples is analyzed with a capillary column
and FID, whereas the aqueous phase is analyzed by a Propak-Q packed column and FID. The
operating conditions for the off-line GC are given in Appendix D. The calibration charts are
provided in Appendix E.

Typically, the CO hydrogenation experiments are carried out in the system described in
Section 3.2 and 3.3. Poisoning studies require some modifications to the equipment and the

procedure, and these are described in Chapter 8.

3.4 Experimental Procedure

Prior to FTS, the catalyst (approximately 1000 mg) is reduced in-situ by H, at 400 °C, 1
atm and 200 cc/min for 12 h. At the end of the reduction step, the hydrogen is replaced by inert
He to flush the lines while cooling to 170 °C. At this stage, the system is pressurized under
syngas up to 300 psig. Thereafter, the temperature of the bed is slowly increased at 1 °C/min to
the desired temperature, 230 °C. It must be noted that slow temperature ramping is desired in
order to avoid run-away situations due to the exothermic CO hydrogenation reaction.

The nominal operating conditions for FTS used at the start of the study were: H,/CO = 2
(mol ratio) at 230 °C, 300 psi, and 9000 GHSV (sccm/h/gc.t) for 72 h. The feed gas is pre-mixed
syngas. Towards the later part of the study, it was necessary to use separate cylinders for CO
and H,. The additional MFC necessitated an increase in the flow rate from 150 sccm to 225
sccm, and a resulting increase in the GHSV to 13,500 sccm/h/gc.. In both the cases, the
unreacted gases and the reaction products from the reactor pass through a wax separator kept
at 190 °C, a hot separator at 40 °C, and a cold separator at 4 °C for the separation of organic
and aqueous products. Incondensable gases leaving the third condenser include He, H,, CO,, Ar,

CH4, and CO, and were analyzed every 30 min by an online GC. Finally, liquid and wax which
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contain higher hydrocarbons and alcohols products were collected every 24 h during the entire

run and were analyzed by an offline GC.

3.5 Characterization Equipment and Procedures
3.5.1 Surface Area and Pore Volume

Surface area and pore volume of the support and calcined catalysts were measured on a
Micromeritics Autochem 2020 instrument. The instrument is located at NETL, Morgantown. The
sample (0.15 g) was evacuated at 400 °C for 4 h prior to measurement. In the next step,
nitrogen adsorption and desorption isotherms were measured at liquid nitrogen temperature.
The Brunauer-Emmett-Teller (BET) area was estimated by N, adsorption at relative pressures
(P/Po) between 0.06 and 0.2, where P and Py are the measured and equilibrium pressures,
respectively. The total pore volume was calculated from the amount of vapor adsorbed at a
relative pressure close to 0.995. The nitrogen desorption branch was chosen for the pore size
analysis. The pore size distribution was established by applying the Barrett-Joyner-Halenda
(BJH) method.
3.5.2 X-ray Diffraction

X-ray diffraction (XRD) was used to obtain the crystallographic structure and chemical
composition of solids. The XRD patterns of the support and the prepared catalysts were
obtained using a PANalytical diffractometer (XPert PRO) with Cu (Ka) radiation (1.5418 A)
operated at 40 kV and 25 mA. The catalysts were crushed to fine powders prior to
measurement. The samples were scanned from 20 = 5° to 120° at a rate of 0.05°/s. The
observed peaks were assigned by referring to the International Centre for Diffraction Data
(ICDD) database. The phase identification of silica and cobalt oxide was performed by
comparing with the standard diffraction patterns available in database PDF-00-004-0379 and
PDF-01-073-2750, respectively.
3.5.3 X-ray Photoelectron Spectroscopy

X-ray photoelectron spectroscopy (XPS) allows us to obtain the chemical state of
elements. XPS spectra were recorded with a Physical Electronics Model SAM 590 equipped with

a cylindrical-mirror analyzer and a 15 kV X-ray source from Physical Electronics. The instrument
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is located at NETL, Morgantown. The system was routinely operated within a pressure range
from 10° to 10® Torr (1.3x107 to 1.3x10° Pa). The instrument was calibrated using the
photoemission lines Eg(Cu 2ps/;) = 932.4 eV and Eg (Au 4f7/,) = 83.8 eV.

3.5.4 Scanning Electron Microscopy and Energy Dispersive Spectroscopy

Scanning electron microscopy (SEM) is used to view the surface morphology. In
addition, energy dispersive spectroscopy (EDS) yields qualitative information on elemental
composition. The SEM and EDS characterization of the catalyst particles was performed using a
Hitachi S-4700 scanning electron microscope with an EDAX energy dispersive spectrometer.
3.5.5 Temperature-Programmed Reduction

Reducibility of the catalysts (cobalt oxides) in the presence of H, was evaluated by
temperature-programmed reduction (TPR). The experiments were performed using a
Micromeritics Autochem 2950. The instrument is located at NETL, Morgantown. The calibration
was performed by the reduction of a reference Ag,0 sample.

Prior to the H,-TPR experiment, the sample (0.1 g, 100-200 um) was first heated at 120
°C for 1 h to remove moisture. The sample was subsequently cooled down to 50 °C. The heating
and cooling steps were performed in the presence of inert Ar gas. In the next step, the
temperature was ramped to 1000 °C at 5 °C/min in the presence of a 10 % H,/Ar mixture. The
flow rate of H,/Ar mixture was kept constant at 50 cc/min. The products gases from the reactor
outlet were passed through a condenser. A cold trap containing a mixture of 2-propanol and
dry ice was used to control the condenser temperature. The condenser eliminates traces of
water from the product gas. The dry gas from the condenser outlet was subsequently analyzed
with a TCD. The hydrogen consumption was measured by comparing the thermal conductivity
of the exit gas with that of a reference gas stream containing a 10 % H,/Ar mixture.

3.5.6 Hydrogen Chemisorption

Hydrogen adsorption isotherm measurements allow estimation of the chemisorbed
hydrogen and metal dispersion. The experiments were performed with a Micromeritics ASAP
2020 unit. The unit is located at NETL, Morgantown.

Initially, the sample was loaded in a sample tube and evacuated while heating to 350 °C

at 10 °C/min. The evacuation step was followed by cooling to 100 °C. In the next step, the
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sample was reduced by increasing the temperature to 350 °C at 10 °C/min under H; flow. The

sample was subsequently evacuated and cooled to 35 °C. An adsorption isotherm was recorded

at 35 °C in the pressure interval from 75 to 400 mm Hg. The amount of chemisorbed hydrogen

was determined by extrapolating the straight-line portion of the isotherm to zero pressure. In

order to calculate the dispersion, it was assumed that two cobalt sites were covered by one

hydrogen molecule. The turnover frequencies (TOFs), i.e., the number of CO molecules

converted per catalytic site per second, were calculated using the number of surface cobalt

atoms based on H,-chemisorption.

3.6 Safety Requirements

The following safety measures were strictly followed while performing the experiments;

Any source of ignition near experiment area was avoided since the reactant gases used (H,
and CO) are highly flammable.

Since the reactions are carried out at high pressure, gas lines and joints were checked for
leaks prior to each run.

Personal protective equipment (PPE) such as safety goggles, lab coat, steel-toed shoes and
safety gloves were used while performing the experiments.

The experiments involve the use hazardous gases and chemicals. Therefore, indoor quality
of the air inside the laboratory area was monitored by gas sensors connected to emergency
alarms.

Compressed gas cylinders were handled with cylinder caps tightly fitted during
replacements.

The fume hood, eye-wash station, safety showers and fire extinguishers were regularly
maintained.

Material safety data sheets (MSDSs) were available for all chemicals used (gases, liquids,
and solids) in the experiment. The MSDSs for all chemicals used in the study are provided in
Appendix F.

A list of personnel to be contacted in an emergency situation was posted near the entrance

of laboratory.
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=  Emergency shut-down procedures were documented to avoid any incidents.
= QOperators are committed to comply with NETL and WVU safety policies, and any violation

can result in termination of future entry in the laboratories.
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CHAPTER 4
SYNTHESIS AND PRE-REACTION CHARACTERIZATION OF
CATALYSTS

4.1 Materials

Cobalt nitrate (Co(NOs),.6H,0, 99 +% pure), nitrilotriacetic acid (CsHoNOg, 99 +% pure)
and ethylenediaminetetracetic acid (Ci0H1sN2Og, 99 +% pure) were obtained from ACROS
Organics. Ammonium hydroxide (NH4.0H, 99 +% pure) was obtained from Fisher Scientific. All
these chemicals were used without further purification.

The commercial technical-grade SiO, support (5561138)%" was received from Saint-
Gobain Norpro. The properties of the SiO, support, provided by the manufacturer, are given in
Appendix G. Before the synthesis step, SiO, pellets were thoroughly washed with deionized-
water (DI) and dried overnight at 110 °C, in order to remove any soluble impurities present on
the support. The drying step was followed by calcination at 400 °C to remove adsorbed species
from the surface. The pretreated silica was sieved to 20-40 mesh and was stored in a sealed

container to use as a standard support for all the catalysts prepared in this study.

4.2 Catalyst Preparation

All the catalysts investigated here were prepared by the incipient-wetness method®.
The SiO, support was impregnated with an aqueous solution containing cobalt nitrate and, if
necessary, one of the chelating agent nitrilotriacetic acid (NTA) or ethylenediaminetetracetic
acid (EDTA), as detailed below.

The conventionally selected Co loading of 20 w% was used for all the catalysts prepared
here. In the stepwise synthesis, if the catalyst was to be modified, an aqueous solution of a
chelating agent (NTA or EDTA) was first impregnated on silica support. The samples were
subsequently dried at 110 °C for 12 h. The molar ratio of the chelating agent to Co was selected
as unity for all these catalysts. The pH of the agueous solution was maintained at 5.5 by using
aqueous NH4OH. In the next step, the solid was impregnated by an aqueous solution of cobalt

nitrate in two steps, each step equivalent to 10 w% of cobalt loading. The samples were dried
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again at the same conditions, 110 °C for 12 h. Finally, the dried samples were calcined at 350 °C
for 4 h. The calcination procedure is discussed in following Section 4.2.1.

The range of the pH was decided on the basis that chelating agents are known to form
Co-complexes selectively in the selected pH range®. The catalyst samples in this study were
denoted as Co/X/SiO,, representing modification of Co/SiO; by a chelating agent X.

4.2.1 Calcination Procedure

The calcination treatment of impregnated catalysts decomposes the nitrate precursor into
the oxide phase. The nitrate decomposition is an exothermic reaction, and hence phase
transformations during calcination are accompanied by the heat release. Therefore, both the
final calcination temperature and the rate of decomposition influence the properties of the
cobalt catalysts.

The catalysts prepared in this study were calcined in a muffler furnace. The furnace set-up
allowed control of only the desired set-point and not the ramp rate. Initially, when catalysts
were subjected to calcination at 250 or 350 °C, the furnace was operated with the desired
temperature set-point. However, the resulting high rates of decomposition resulted in
complete disintegration of the materials. In fact, the 20-40 mesh particles turned into fine
powder after the calcination step. Therefore, more efficient heat and mass releases from the
catalyst pores were desired during the decomposition, to avoid material breakdown.

A procedure was developed in which the final calcination temperature was reached in
stepwise increment of temperature. Accordingly, in the absence of any control over the ramp-
rate, the furnace temperature was manually increased by 30 °C every 30 min. Therefore, the
desired calcination temperature of 250 °C was reached in ca. 250 min and similarly 350 °C was
achieved in ca. 350 min. After reaching the final desired temperature, the temperature was
held constant for 4 h. The slow temperature rise during the calcination assisted in efficient heat
and mass release from the materials. Therefore, with the controlled calcination approach, the

catalysts retained their structural characteristics and did not show any disintegration.
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4.3 Physical Characterization of Fresh Catalysts
4.3.1 EDS Analysis of Silica Support and Cobalt Catalyst

The silica support and cobalt catalyst were subjected to energy-dispersive spectroscopy
(EDS) in order to investigate the presence of any surface impurities. The results from the
analysis are presented in Figure 4.1 for the silica support, and in Figure 4.2 for the base-case
cobalt catalyst. The spectrum shows peaks due to Si and O from silica (i.e., SiO;) pellets. The
presence of an Al peak is attributed to the small content of Al,O; normally present in silica
supports. The Au peak in Figure 4.1 and Ag peak in Figure 4.2 are due to coating, performed to
make a conducting surface while carrying out an EDS experiment. Finally, the absence of any
halide impurities can be confirmed by the absence of halide peaks.

The SEM images of the fresh cobalt catalyst, shown in Figure 4.3, offer more insights
into the surface morphology. Particles of 20-40 mesh size (i.e., 0.42-0.85 mm) were used in all
the experiments performed here and can be confirmed from Figure 4.3a. In addition, a well-
dispersed cobalt oxide phase on the silica support after impregnation can also be confirmed

from Figure 4.3b.

C:EDS\Dadyburjor\Silica Ashish 01.spc

Label A Silica Ashish D1

Al

050 100 1.50 200 250 3.00 350 4.00 450 keV

Figure 4.1 Energy dispersive X-ray spectroscopy of silica support
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CAEDS\Dadyburjor\CoSi02 fresh pic 01 spec.spc

Label A: CoSi02 fresh pic 01 spec

Co
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Figure 4.2 Energy dispersive X-ray spectroscopy of cobalt catalyst

Figure 4.3 SEM images of cobalt catalysts (a) 20-40 mesh size particles and (b) a well-dispersed
cobalt oxide phase

4.3.2 Nitrogen Physisorption Measurement

The BET surface area, pore volume and average pore diameter measured by N-
physisorption for the SiO, support, Co/SiO,, Co/NTA/SiO, and Co/EDTA/SiO, catalysts are
presented in Table 4.1.
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The silica support before impregnation has a surface area of 224 m?/g and a pore
volume of 0.93 cm3/g with a monomodal pore size distribution centered around 12.4 nm. The
CA modification of the silica support and subsequent impregnation with cobalt precursor is
seen to result in the reduction of surface area and pore volume. This trend is also observed for
the base catalyst prepared in the absence of any chelating agent. In fact, all the three catalysts
showed ca. 22 % drop in surface area and ca. 26 % drop in pore volume after impregnation.

Table 4.1 Surface area and pore volume results of silica support and catalysts

Fresh Catalyst
Surface area | Pore volume | Pore diameter
(m°/g) (cm’/g) (nm)
SiO, support 224 0.93 124
Co/SiO, 163 0.67 12.5
Co/NTA/SiO; 187 0.73 11.6
Co/EDTA/SIO, 170 0.65 11.7

The isotherms for N, adsorption and the pore size distribution for the SiO, support and
the supported cobalt catalysts are shown in Figure 4.4 and Figure 4.5, respectively. The shapes
of the isotherms for the support and all catalysts are similar, suggesting that the structural
characteristics remain even after the chelation steps. The drop in surface area and volume can
be attributed to the fact that the impregnated metal precursor flows inside the pores of the

support and grows with subsequent drying and calcination steps.
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Figure 4.4 Nitrogen adsorption (BET) isotherms for SiO, support before impregnation and silica
supported cobalt catalysts
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Figure 4.5 Pore size distribution curves (PSD) for SiO, support before impregnation and silica
supported cobalt catalysts

40



4.3.3 X-Ray Diffraction

The impregnated catalysts were calcined at 250 and 350 °C before being subjected to
diffraction studies. The calcination step decomposes the nitrate precursor of cobalt into the
cobalt oxide phases. The diffraction patterns of a silica support and cobalt catalysts after
calcination at 250 and 350 °C at CA/Co=1.0 are shown in Figure 4.6 and Figure 4.7, respectively.

A broad diffraction peak, a characteristic of amorphous silica, is located at 8 = 22° (see
Figure 4.6a and Figure 4.7a). Furthermore, after calcination, the presence of the Co30,4 phase
on Co/Si0,, Co/NTA/SiO, and Co/EDTA/SiO, catalysts can be confirmed (curves b-d,
respectively). The average particle sizes of the Coz04 phases were calculated from the Scherrer
equation for the most intense peak (311) located at 6 = 36.8°. Using the full width at half
maximum (FWHM) of the diffraction peak and Scherrer’s equation, the average Co0304
crystallite sizes for Co/SiO,, Co/NTA/SiO, and Co/EDTA/SiO, were determined as shown in Table
4.2.

01-073-2750> Co(C0,04) - Cobalt Oxide
\

00-004-0379> Cristobalite - SiO,

I
T T T T T T T T

10 20 30 40 50 60 70 80 90 100
Two-Theta (deg)

110

Figure 4.6 X-ray diffraction patterns: (a) SiO, support, (b) calcined Co/SiO,, (c) calcined
Co/NTA/SiO,, and (d) calcined Co/EDTA/SiO,. Calcinations are at 250 °C, CA/Co=1
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Figure 4.7 X-ray diffraction patterns: (a) SiO, support, (b) calcined Co/SiO,, (c) calcined
Co/NTA/SiO,, and (d) calcined Co/EDTA/SiO,. Calcinations are at 350 °C, CA/Co=1

Table 4.2 Physical properties and crystallite sizes of cobalt catalysts for CA/Co =1

Catalyst Surface Area | Co304 Crystallite Size (nm)
(m*/g) 250°C 350°C
Si02 224 NA NA
Co/SiO2 163 15.1 17.7
Co/NTA/SiO> 187 13.1 16.0
Co/EDTA/SiO; 170 13.8 11.0

For the catalysts calcined at 250 °C, the analysis suggests that the CA-modified catalysts
show smaller Cos04 crystallites than the base catalyst (without any CA modification). At the
higher calcination temperature, 350 °C, the Cos0,4 crystallites are bigger. Formation of bigger
crystallites at higher calcination temperatures has been previously reported for the Co/SiO,

634,76, 83, 8% Eyen after the higher temperature calcination, the CA-modified catalysts

catalyst
show smaller crystallites of Co304 compared with those for the base catalyst.

In order to verify further the role of CA modification on crystallite size, the
concentration ratio of chelating agent to Co (i.e., CA/Co) was decreased from 1.0 to 0.5. Similar

to the approach used for evaluating the catalysts with CA/Co ratios of 1.0, the catalysts were
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calcined at two temperatures, 250 and 350 °C. The diffraction patterns of a silica support and
cobalt catalysts after calcination at 250 and 350 °C at CA/Co=0.5 are shown in Figure 4.8 and
Figure 4.9, respectively. The crystallite sizes at the lower molar ratios are presented in Table
4.3. For the NTA-modified catalyst, at CA/Co ratio of 0.5, the crystallite size at 250 °C is 14.0 nm,
larger than at CA/Co ratio of 1.0 at same temperature. At 350 °C, the crystallites sizes are
unchanged for different CA/Co ratios. For the EDTA-modified catalyst, the crystallite size at 250
°Cis 11 nm, smaller than at CA/Co ratio of 1.0 at the same calcination temperature. At 350 °C,
the crystallite size is 16.1 nm at CA/Co ratio of 0.5, larger than the one noticed at ratio of 1.
These results further support the hypothesis that surface modification of silica with
chelating agents can be effectively used as a way to control the size of cobalt oxide phase

during calcination.

01-073-2750> Co(C0204) - Cobalt Oxide
\

00-004-0379> Cristobalite - SiO,
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Figure 4.8 X-ray diffraction patterns: (a) SiO, support, (b) calcined Co/SiO,, (c) calcined
Co/NTA/SiO,, and (d) calcined Co/EDTA/SiO,. Calcinations are at 250 °C, CA/Co= 0.5
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Figure 4.9 X-ray diffraction patterns: (a) SiO, support, (b) calcined Co/SiO,, (c) calcined
Co/NTA/SiO,, and (d) calcined Co/EDTA/SIO,. Calcinations are at 350 °C, CA/Co= 0.5

Table 4.3 Physical properties and crystallite sizes of cobalt catalysts for CA/Co = 0.5

Catalyst Surface Area | Co304 Crystallite Size (nm)
(m?/g) 250°C 350°C
SiO2 224 NA NA
Co/Si0; 163 15.1 17.7
Co/NTA/SiO> 181 14.0 16.0
Co/EDTA/SiO> 173 11.0 16.1

4.3.4 X-ray Photoelectron Spectroscopy

The base-case catalysts and CA-modified catalysts, after calcination at 350 °C, were
subjected to XPS study. The XPS spectra in the energy region of Co 2p for these catalysts are
given in Figure 4.10. The binding energies (BEs) of Co 2p spectra, with reference to the BEs of
standard Co30,4, confirm that Co30, is the dominant cobalt phase present in calcined catalysts.
The decomposition of the Co 2p spectrum of the Coz04 phase exhibits the contributions from
Co" (octahedral), Co" (tetrahedral) and Co" satellite. The binding energies of Co 2p after peak
decomposition, given in Table 4.4, are in good agreement with the reported values for

85, 86

supported cobalt catalysts . The binding energy difference between the peak of Co" and its
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satellite peak for the Co304 phase is about 6 eV. In general, higher intensities of the satellite
peak and a shift of the XPS line toward the higher-energy region of the Co 2p spectra, indicate

the presence of Co®" ions in interaction with the silica surface.

Co 2p3/2
Co 2pl/2

Co/EDTA/SiO2

CO/NTA/SiO2

Co/SIO2

810 800 790 780 770 760
Binding Energy (ev)

Figure 4.10 Comparison between the Co 2p XPS spectra of Co304 for base catalyst and CA-
modified catalysts

Table 4.4 Binding energies of Co 2p3/2 and Co 2p1/2 for the Co3z04 phase of cobalt catalysts

Catalyst Binding Energy Co2p3/2 (eV) | Binding Energy Co2p1/2 (eV) | Ico/lsi ratio
Co" Co" | Co"satellite | Co™ Co" | Co" satellite
Co0¥ 778.5 - 784.2 7943 | - - -
Co30,”’ 778.6 - 788.0 794.1 - - -
a-C0,5i0,% 781.5 - 786.1 797.9 | - - -
Co/SiO; 780.0 | 781.4 787.4 795.0 | 796.5 801.5 0.6
Co/NTA/SiO, 780.1 | 781.6 787.6 795.2 | 796.6 801.6 1.5
Co/EDTA/SiO, | 781.1 | 782.0 787.9 796.0 | 797.5 802.7 1.7

For the NTA-modified catalyst, the binding energy of Co" (ca. 780.1 eV) and Co" (ca.
781.6eV) peaks are similar to values for the base catalyst. However, in the case of the EDTA-

""and Co" may suggest the presence of a cobalt

modified catalyst, higher binding energies of Co
ion interaction with the silica surface. Furthermore, the higher intensity of a satellite peak in

the EDTA-modified catalyst relative to the base catalyst is well evident. These spectral features
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are characteristics of cobalt-silicate-like phases (see values of a-Co,Si04in Table 4.4). Therefore,
such species are expected to be present on the surface of the EDTA-containing catalyst, but less
so for the NTA-modified catalyst. The Coz04 species on the EDTA-containing catalyst has the
smallest crystallite size, as confirmed by the XRD at 350 °C for CA/Co ratio of 1 (see Table 4.2).
The smaller crystallite can more easily interact with the support during the drying and
calcination steps, resulting in the formation of silicate-like structures.

The surface charges present on the silica support determine the extent of electronic
attraction or repulsion with the impregnated cobalt ions. If the pH of the impregnating solution
is higher than the point of zero charge (PZC) of silica (PZC of 1.7 to 3.5), the surface of silica is
negatively charged. The negatively charged silica support exhibits a certain extent of attraction
towards cobalt ions. In contrast, at pH values below the PZC of silica, the positively charged
silica surface repels the impregnated cobalt ions and hence can result in non-uniform cobalt
distribution, resulting in poor metal dispersion.

Therefore, the Ic/ls; ratio of the XPS intensities can be used to provide useful
information about the distribution of cobalt ions on silica surface®. Higher Ico/ls ratios are
characteristic of higher cobalt dispersion in the calcined cobalt catalyst. On the other hand,
lower ratios would mean a poorly dispersed metal phase on the outer surface of catalyst. The
ratio of intensities of Co 2p3/2 and Si 2p peaks (i.e. Ico/ls)) are also listed in Table 4.4. These
intensity ratios are clearly higher for the CA-modified catalysts than that for the base-case
catalyst. This confirms that the CA-modified catalysts possess a well-dispersed cobalt oxide
phase, mainly due to presence of smaller crystallites. In the present work, the EDTA-containing
catalyst has the smallest Co30,4 size among all. Therefore, for such a well-dispersed catalyst, a
metal-support interaction is expected to exist. As mentioned earlier, the study of reduction

behavior of these oxide phases can further provide insights into catalyst structure.
4.3.5 Temperature-Programmed Reduction

The temperature-programmed reduction (TPR) profiles of the catalysts are shown in

Figure 4.11. The occurrence of multiple reduction peaks indicates the presence of a number of

46



reducible cobalt species. A sharp reduction peak in TPR generally indicates an instantaneous
process whereas broad peaks are attributed to difficult-to-reduce phases.

For the Co/SiO, catalyst, two strong peaks are located at 229 and 291 °C and a small
high-temperature peak at 665 °C. Similarly, the NTA-modified Co/SiO, catalyst shows two peaks
at 230 and 293 °C and a peak at 642 °C. However, the EDTA-modified sample shows a single
weak peak at 170 °C followed by a single strong peak at 215 °C and another strong peak at
higher temperature of 685 °C. In addition, for Co/EDTA/SiO, a broad region of hydrogen

consumption is observed between 300 and 500 °C.

CO/EDTA/SiO2

TCD Signal (a.u.)

CO/NTA/SiO2

CO/SIO2

0] 200 400 600 800 1000

Temperature (°C)

Figure 4.11 Temperature-programmed reduction profiles of various cobalt catalysts
(Experimental conditions: temperature increase with 5 °C/min; 10 % H, /Ar mixture; total flow
rate, 50 sccm; catalyst wt., 0.15 g)

The TPR peak assignments as shown in Figure 4.11 can be explained as follows;
a, reduction of Co30,4 into CoO;
B, reduction of CoO into metallic Co;
vy, reduction of a oxide with a mild Co-SiO; interaction; and

6, reduction of a oxide with stronger interactions, such as the formation of silicates or

hydrosilicates
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The two lower-temperature peaks (at ca. 230 and 291 °C) can be assigned to a two-step

reduction of Cos04 (i.e., o and B phases). The reduction is known®" 3 %

to proceed via
formation of CoO species represented as:
Co(I1),Co(I1)O4 = Co(I1)0 - Co (4.1)

The reduction of Cosz04into metallic cobalt is followed by a broad region of hydrogen
consumption between 300 and 500 °C. This broad region can be ascribed to a very slow
reduction of CoO species present inside the pores (i.e., y phase). In fact, it has been previously
reported84 that the rate of reduction from CoO to Co is lower than that of Co304to CoO.

Based on the concept of a strong oxide-oxide interaction (SOOI) proposed by Lund and
Dumesic®, the Co®* is said to be stabilized by the SiO, support and consequently resists further
reduction. Although the interaction of silica and Co metal is assumed to be weak, it is unlikely
that the silica-supported Co catalyst can be easily reduced.

The most pronounced difference between the catalysts is observed in the higher-
temperature region. For the EDTA-chelated cobalt, the presence of a sharp peak at 685 °C
suggests the reduction of very small Co species which may be interacting with the SiO,
support91 (i.e., 6 phase). Such a higher-temperature reduction peak is also observed in Co/SiO,
and Co/NTA/SiO, samples. However, the lower intensity of the peak in the case of Co/SiO, and
Co/NTA/SiO, suggests a weaker interaction in comparison to the EDTA-modified samples®”.

Based on the TPR results, catalyst reduction is performed at 400 °C to ensure optimum
reduction prior to FTS experiments.

4.3.6 Hydrogen Chemisorption

The chemisorbed hydrogen measurements and the calculation of the metal dispersion
of catalyst samples are presented in Table 4.5. The number of cobalt sites present on the
catalysts is calculated by assuming that two cobalt sites are covered by one hydrogen molecule.
It is evident that both the CA-modified catalysts display higher amounts of chemisorbed
hydrogen, and hence higher densities of active sites, compared to the base catalyst. Therefore,
the metal dispersion of the NTA- and EDTA-modified catalysts is higher than that of the base
catalyst. These findings are in total accordance with the results from XPS showing higher

intensity ratios for the CA-modified catalyst.
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Table 4.5 Hydrogen chemisorption and dispersion data for catalysts

H, chemisorbed | Co surface sites | Metallic Surface Area | Dispersion
(umol/g) (umol/g) (m?/g metal) %
Co/SiO, 18.8 9.4 7.5 1.1
Co/NTA/SiO; 40.7 20.4 16.2 2.4
Co/EDTA/SiO, 41.7 20.9 16.2 4.7

4.4 Discussion

The pretreatment conditions used for the preparation of cobalt catalysts can have a
great influence on the surface states of cobalt species, and in turn can determine the FT
activity. Although the FT activity of cobalt catalysts is the outcome of the entire preparation
procedure, the decomposition step is one of the crucial steps in determining the overall
performance®. As explained earlier, the slow temperature rise during the calcination step
assisted in minimizing the material disintegration for the catalysts prepared here.

The surface modification of an oxide support has been used as a way to improve the
properties of FT catalysts. Shi et al.%3, for example, have reported that the organic modification
of Si0O, for a supported cobalt catalyst can result in smaller crystallite sizes. In particular, they
found that the modification of SiO, by a (CHs)s- group slightly increases Cos04 crystallite sizes,
whereas that by a COOH- group, a NH,- group, or a NH,(CH;),NH-group decreases Cos04
crystallite sizes.

In addition, the surface charges present on the silica can also play a vital role in the
properties of the catalysts. For example, surface-functional groups such as silanol (i.e. SiOH
groups) on a silica support can interact with cobalt oxides during the calcination step®* 3" 32,
These interactions may result in the formation of cobalt silicate which is not easy to reduce and
often requires higher temperatures of reduction. The migration of silica during cobalt nitrate

decomposition and the thermal pretreatment has been reported by Puskas et al.**

, and this
could affect the final structure of the FT catalyst.

Shi et al.” investigated the effect of SiO, modification with various organic groups such
as (CHs)s-, COOH-, NH,-, and NH,(CH,),NH- species. The organic modification of SiO, was

reported to influence the reducibility and catalytic properties of cobalt catalyst. The organic
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modification by the (CHs)s- group reduces surface silanol concentration on silica support and
suppresses the interaction between metal and support.

.3 studied the FT performance of cobalt catalysts prepared from

In addition, Sun et a
nitrate and acetate precursors. The impregnation of the support with a mixture of cobalt
acetate and cobalt nitrate results in a highly active cobalt catalyst compared to impregnation by
only nitrate or acetate precursor. As mentioned earlier, the formation of highly dispersed cobalt
catalysts is believed to originate from small CoO or Co30, crystallites. The formation of smaller
oxide crystallites needs a strong interaction between the support and the metal precursor.
However, too strong an interaction can form irreducible phases and hence suppress the
reduction. Likewise, for the EDTA-modified catalyst, the intensity of the high temperature
reduction peak is higher due to the presence of small crystallites.

It is confirmed from the characterization study that the modification of silica support by
a chelating agent affects the structure of cobalt catalysts. However, the precise role of chelating

is still not clear. Koizumi and co-workers®> 3% 37 38

, performed temperature-programmed
oxidation (TPO) over a NTA-modified catalyst prepared by stepwise impregnation. The chelating
agent is said to form stable complexes with Co®* and sustain the heat treatment during the
drying step (less than 110 °C). Koizumi and co-workers attributed the evolved NO and NO,
during TPO, below 227 °C, to decomposition of a nitrate precursor in case of a Co/SiO, catalyst.
On the contrary, the NTA-modified catalyst during decomposition below 327 °C shows
additional species CO and CO,. Therefore, the evolution of CO and CO; in chelated catalysts was
assumed to be due to decomposition and/or combustion of NTA-Co?* complexes. Koizumi and
co-workers hypothesized that the bulky structure of complexes formed between NTA and Co**
prevents sintering of Co species at high temperature. Therefore, the capsulation effect of CA is
hypothesized to assist in the formation of a well-dispersed Co species after calcination.

The CA modification can therefore be seen as a grafting step used to modify the surface
silanol. This in turn can minimize the direct interaction of cobalt and silica during heat
treatments. This grafting process may then partially assist in facilitating the dispersion of the

Cos04 phase during the calcination. This eventually results in a reduced crystallite size at the

end of the calcination step.
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4.5 Summary

In summary, both XRD and XPS strongly suggest that the calcination step completely
decomposes the nitrate precursor and Cos04 phase is formed. The slow temperature rise during
the calcination assists in minimizing the material disintegration. In addition, the CA modification
alters the particle size, reduction behavior and metal-support interaction of the cobalt catalyst
studied here. In particular, the crystallite size of CA-modified catalysts is smaller than that of
the base-case catalyst. Also, the metal dispersion is enhanced by the CA-modification. In case of
the catalyst with smaller crystallites, e.g., for the EDTA-modified catalyst, the higher reduction
temperature is required for the reduction of difficult-to-reduce phases.

In order to investigate the effect of such structural changes on the catalyst activity, the

catalysts are subjected to FTS and findings are presented in the next chapter.
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CHAPTER 5
CONVERSION AND PRODUCT DISTRIBUTION: PERFORMANCE
OF COBALT-ONLY CATALYST

5.1 Introduction

In this chapter, the activity of reactor components in the absence of cobalt catalyst is
determined. In addition, the FT performance of a base-case cobalt catalyst is evaluated. The
approach used for the qualitative and quantitative analysis of products is discussed. The

components of carbon balance and determination of product selectivities are also discussed.

5.2 Blank Run

Initially, the activity of various components towards syngas under the FT conditions was
determined. For this case, the reactor tube was filled with only quartz chips and no catalyst
material. The reduction was performed in the presence of H, at 400 °C, 1 atm and 200 cc/min
for 12 h. The operating conditions for the run were similar to routine FT runs: T=230 °C; P = 20
bars; SV = 9000 sccm/h/gcat; and H,/CO = 2.0.

The inlet and outlet molar rates of CO are compared in Figure 5.1. The observed outlet
flow rate of CO is close to the inlet flow rate of 0.00401 mol/min. The CO and overall syngas
conversion is plotted in Figure 5.2 for this run. The observed CO conversion is well below 1 % in
both the cases. The small differences between the measured inlet and outlet molar rate
measurement can be attributed to accuracy of GC measurements. Therefore, it can be safely
assumed that the wall of the reactor, quartz chips and other components of the setup do not
show any noticeable activity for FTS under relevant conditions. In order to represent the real FT
activity of catalyst, the blank-run conversion is subtracted from the observed conversion for the

catalytic FT runs.
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Figure 5.2 Syngas conversion for a run of quartz chips filled reactor under FT conditions
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5.3 FT Run with Cobalt-only Catalyst

In the next step, the reactor was loaded with 1 g of a base-case Co/SiO, catalyst. Prior to
FTS, the catalyst was reduced in-situ by H, at 400 °C, 1 atm and 200 cc/min for 12 h. The
operating conditions were as mentioned earlier. The observed CO conversions of the base
catalyst are shown in Figure 5.3. The time on stream (TOS) for the catalyst is 72 h. At first, the
CO conversion slowly increases and reaches 33 %. Thereafter, the CO conversion shows a
gradual drop in activity and steadies at 21 % after 48 h.

The gas products were analyzed with the online GC every 30 min. The liquid products
formed during the run were collected every 24 h and were analyzed by the off-line GC as
described in Section 5.4. The data from the second period, i.e. 24-48 h TOS, were used to
calculate the average conversion, turnover frequency (TOF) and product selectivity values. This
averaging approach discounts the transient behavior of a fixed-bed reactor’ and represents the
product selectivities at a relatively stable syngas conversion. The initial period, where the

catalyst slowly reaches a maximum activity is referred to as the induction period%.
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Figure 5.3 CO conversions vs. TOS for a Co/SiO; catalyst
(Experimental conditions: T = 230 °C; P = 20 bars, H,/CO = 2.0 and syngas SV = 9000 sccm/h/gcat)
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5.4 Qualitative and Quantitative Analysis of Products

The liquid products recovered from the run contained an oil layer and an aqueous layer
which were separated before the analysis. The phases were separated after allowing them to
settle for 24 h. The weights of the separated oil and aqueous phases were noted before
initiating the quantitative analysis. The separated oil layer contains paraffins and olefins, while
the aqueous layer consists of alcohols and water. The wax from the wax separator was
collected and weighed. The wax too consists of paraffins and olefins.

The detailed procedures for the quantitative analysis of these paraffins, olefins and
alcohols are provided in Appendix G. The chromatographs from the GC analysis of the products
are provided in Appendix H. Based on the procedure described in Appendix G, the molar flow

rates of all the components are calculated.

5.5 Product Selectivities and Yields
The following expressions are used to calculate the performance of various cobalt

catalysts for Fischer-Tropsch synthesis.

mol rate of CO consumption «

CO conversion (%) = -
mol rate of COinlet

100 (5.1)

mol rate of H, consumption

_ x100 (5.2)
mol rate of H 2 inlet

H, conversion (%) =

Turnover frequency (TOF,s_l) _ mole rate of CO consumption (5.3)
mol of cobalt
hydrocarbon production rate (ﬁj
HydrocarbonYield = (5.4)
kg cat.h catalyst mass (kg)
alcohol production rate (ﬁj
Alcohol Yield = (5.5)
kg cat.h catalyst mass (kg)
Selectivity of HC with carbon number of n(w%) = rateof HC produced with C no. of n x100
rate of total HC produced
(5.6)
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rate of alcohol produced with C no.of n
rate of total alcohol produced

x100

Selectivity of alcohol with carbon no.of n(w%) =

(5.7)
L mol of CO, formed
Selectivity of CO, (mol%) = (5.8)
mol of CO reacted
Ratio of olefin to paraffin= production rate of olefin (5.9)

production rate of paraffin

The performance of various catalysts is evaluated by comparing the CO conversions,

TOFs, product selectivities and hydrocarbon productivities.

5.6 Overall Carbon Balance

The carbon balance was established after careful quantification of each component in
the products. Therefore, the overall carbon balance incorporates the carbon entering the
system in the form of CO, leaving as unreacted CO, in the form of oxide product (i.e., CO,),
gaseous hydrocarbons (i.e., C; to Cs), liquid-phase (including wax) hydrocarbons (i.e., paraffin
and olefins) and aqueous-phase oxygenates (i.e. alcohols).

The C-balance can be represented by:

R0 =89 +CEPC 4cER2 el sclite ucliY s
After establishing the carbon balance for each run, the product selectivities were

determined. Typically, the closure on carbon balance is 5 % for all the runs performed here.

5.7 Performance of Cobalt-only Catalyst

The vyields of the products are calculated from the procedure described earlier. The
product yield (g/kg.at/h), for the base case catalyst at 230 °C, includes 141.2 g of paraffins, 12.2
g of olefins and 16.3 g of alcohols. The TOF value for the base catalyst is 0.0092 s . The yield
values and TOF are consistent with other cobalt catalyst®’.
5.7.1 Anderson Schulz-Flory Distribution

In general, the product distribution of hydrocarbons formed during FTS follows an
Anderson Schulz-Flory (ASF) distribution® 628 The weight fraction, W, of a hydrocarbon chain

with n carbon atoms is given by the ASF model as follows,
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W, =n(l-a)?a"? (5.11)
where the propagation probability & is independent of the chain length. Higher value of &
suggests higher probability of formation of longer-chain hydrocarbon®. For the base-case
catalyst, the ASF distribution is plotted in Figure 5.4. The slope of the line is used to determine
the value of & . The reported”” ™ values of a are in the range of 0.55-0.9 for cobalt catalysts.
The calculated value of the propagation probability, &, for the base-case catalyst is 0.73,

indicating a satisfactory performance of a base catalyst.

4
¢ y =—0.32x + 2.05

In(W /n)

'10 — 1 v T 1 T T 1 T T T 1T T T T T 1 T T T
1 6 11 16 21 26 31

Carbon No. (n)

Figure 5.4 ASF distribution over the base-case catalyst

5.7.2 Product Selectivity

The products from the FTS contain paraffins, olefins and alcohols. Qualitative and
guantitative product analyses were performed, as described in Section 5.4. The product
selectivities were calculated after establishing the carbon balance. For the base catalyst, the

selectivities of paraffins, olefins, and alcohols as a function of carbon number are plotted in

Figure 5.5a-c, respectively.
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(a) paraffins, (b) olefins, and (c) alcohols

58



The paraffin selectivity starts with the highest value for C; and then drops progressively
up to Ce. The selectivity increases thereafter and shows a maximum at Cyo. Thereafter, the
selectivity continuously drops for carbon number greater than 10.

The olefin selectivity increases from C,, reaches a maximum for C; and drops after Cs
before showing slight increase at C;. Similar to the trend of paraffin selectivity, the olefin
selectivity shows increasing trend for the carbon number greater than C; and reaches a
maximum for Cy,. The olefin selectivity for carbon numbers, greater than C,,, decreases after
reaching a maximum.

The alcohol selectivity initially increases from C; to C,. Thereafter, the alcohol selectivity

shows progressive drop for higher carbon numbers.

5.8 Summary

The wall of the reactor, quartz chips and other components of the setup do not show
any noticeable activity for FTS under relevant conditions. The performance of the base catalyst
is evaluated under relevant FTS conditions. The procedure for the product analysis is
established. The product selectivities are determined by establishing a carbon balance. The
value of a for the base-case catalyst is 0.73. The TOF value for the base catalyst is 0.0092 s.
The base catalyst shows satisfactory performance. The performances of the CA-modified

catalysts are compared with the base catalyst to investigate the effect of CA modification.
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CHAPTER 6
PERFORMANCE OF MODIFIED COBALT CATALYSTS

6.1 Introduction

The FT performance of the CA-modified cobalt catalyst was evaluated under relevant
conditions and compared with the base catalyst. The FTS runs were carried at two different
temperatures. The product yields and selectivities of the paraffins, olefins and alcohols were
used to compare the catalyst performance. Finally, the effect of the CA modification on the FT

performance of the cobalt catalyst was determined.

6.2 Performance of Modified Catalysts

The Co/NTA/SiO, and Co/EDTA/SiO, catalysts prepared earlier were subjected to FTS.
Prior to FTS, the catalyst (approximately 1000 mg) was reduced in-situ by H, at 400 °C, 1 atm
and 200 cc/min for 12 h. Each catalyst was screened at two operating temperatures, 220 and
230 °C. As before, the operating conditions during the run were, P = 20 bars; SV = 9000
sccm/h/gea; and Hy/CO = 2.0. The product gases were analyzed by the online GC and the liquid
collected was analyzed by the offline GC. In the following sections, the performances of the
catalysts are compared based on the CO conversions, the TOFs, the product selectivities and
the product yields as outlined in Section 5.5.
6.2.1 CO Conversions of Catalysts under FTS Condition

The CO conversions are plotted versus time on stream (TOS) in Figure 6.1 for bed
temperatures of 220 and 230 °C. In addition, the conversions for the base catalyst are also
shown (also see Figure 5.3). As mentioned earlier, for the base catalyst at 230 °C, the CO
conversion slowly increases and reaches 33 %. Thereafter, the CO conversion shows a gradual
drop in the activity and steadies at ca. 21 %. The CA-modified cobalt catalysts also show similar
time dependences of the conversion. The NTA-modified catalyst at 230 °C shows a slightly

higher conversion and steadies around 25 % at the end of 72 h of operation.
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Figure 6.1 CO conversions of the base catalyst and the CA-modified catalysts at Tea =220 °C and T = 230 °C
(Experimental conditions: catalyst load 1 g, diluted with 1:27 w/w SiC; P = 20 bar; H,/CO = 2.0; GHSV = 9000 sccm/h/gcat)
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Interestingly, the EDTA-modified catalyst, at the same temperature, shows an improved
performance, with nearly a two-fold increase in the CO conversions. Also, at the end of 72 h
TOS, the CO conversions for the EDTA-modified catalyst are notably higher than those of the
NTA-modified and the base catalyst.

At the bed temperature of 220 °C, the CO conversion follows a similar trend: an initial
increase in the CO conversion and thereafter a steady conversion. Further, the higher CO
conversion for the NTA—-modified catalyst compared to the base catalyst is consistent with the
measurements at 230 °C. It is also noteworthy that, even at the lower operating temperature,
the EDTA-modified catalyst shows the highest CO conversion (ca. 38 %) in comparison to the
NTA-modified and the base catalyst.

The values of TOFs for the three catalysts are listed in Table 6.1. The EDTA-modified
catalysts display the highest values of TOFs at both the temperatures. The NTA-modified
catalysts display the smallest values of TOFs at both the temperatures. The calculated TOFs are
comparable to the reported % values for cobalt catalysts.

Table 6.1 TOFs of the cobalt catalysts
TOFs (s'1)
T=230°C | T=220°C
Co/SiO2 0.0092 0.0067
Co/NTA/SiO; 0.0052 0.0033
Co/EDTA/SiO2 | 0.0107 0.0067

6.2.2 Discussion

The CO conversions of the CA-modified catalysts are higher than that of the base
catalyst. As mentioned earlier, the metal dispersion values are higher for the CA-modified
catalysts than the base catalyst. As a result, there exist more catalytic sites for CO adsorptions
on the CA-modified catalysts, resulting in the higher CO conversions.

The three catalysts display relatively steady CO conversions during 72 h TOS, at 220 °C,
the lower bed temperature. On the other hand, at 230 °C, the CO conversion is observed to
display a gradual drop in activity. This can be explained as follows. The metallic cobalt phase of
FT catalyst is considered as the active site for CO adsorption during the reaction. These metallic

active sites may undergo oxidation during FTS in the presence of considerable water partial
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pressure, formed as a primary product of FTS*. Also, the higher CO conversions correspond to
the higher yields of products as well as water formation. Therefore, the drop in the number of
active cobalt sites due to oxidation with advancement of TOS at higher temperature could

possibly cause a gradual drop in the activity.

6.3 Comparison of Hydrocarbon Selectivities

The gaseous and liquid products formed during the run for three catalysts were
guantitatively analyzed. The data are averaged for the second 24 h interval (i.e. 24-48 h). Based
on the carbon balance of each individual run, the product selectivities are determined. Figure
6.2 and Figure 6.3 show the average CO and H, conversion, along with the product selectivities
to methane, C,-Cs, Cs. and a diesel fraction C3o-Cyp at 230 and 220 °C, respectively. In addition,
the CO, selectivities and olefin-to-paraffin ratios are presented in Table 6.2

At 230 °C, the NTA- and EDTA-modified catalysts show an increase in the CO conversion
and the H; conversion compared to the base catalyst. In terms of product selectivities, all three
catalysts display indistinct behavior. A CH,4 selectivity of ca. 20 % is measured for these
catalysts. In addition, the overall selectivity of ca. 42 % towards the C,-Cs fraction and ca. 38 %
towards Cs. is nearly same for all the catalysts. However, selectivities towards the diesel
fraction (i.e., C10-Cy0) show some changes. The base catalyst displays a higher selectivity
towards the diesel fraction of liquid products than do the CA-modified catalysts, especially the
Co/EDTA/SiO; catalyst.

At 220 °C, the CO conversion drops with lowering the bed temperature. Interestingly, at
220 °C, the CH,4 selectivity shows a marginal increase for all the three catalysts, when compared
at 230 °C. The hydrocarbon selectivities are noticeably different for cobalt catalysts at 220 and
230 °C. An increase in the selectivities for shorter-chain hydrocarbon is clearly visible with
lowering the operating temperature. Also, the Cs, selectivities are lower at lower temperature.
In particular, the diesel fraction selectivities drop at the lower bed temperature. These findings

are consistent with the trend discussed in Table 2.2.
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Figure 6.2 CO conversion and hydrocarbons selectivity with CA-modified catalysts at T.+=230 °C
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Table 6.2 CO, selectivity and olefin/paraffin ratio of modified catalysts

Catalyst Co/Si02 | Co/NTA/SiO2 | Co/EDTA/SiO>
Temperature, °C 220 | 230 | 220 230 220 230
CO2 selectivity, mol% | 12.8 | 9.4 | 10.4 9.5 9.5 11.7
Olefin/paraffin ratio | 0.8 | 0.6 0.8 0.6 0.6 0.6

For the base catalyst and the NTA-modified catalyst, the CO, selectivities increase on
lowering the temperature but decrease for the EDTA-modified catalyst.

The olefin-to-paraffin ratios for all the catalysts are 0.6 at 230 °C and increase to 0.8 at
220 °C, except for the EDTA-modified catalyst. Therefore, it can be said that the CA modification
does not significantly change the hydrogenation rate of olefins, as the olefin-to-paraffin ratio is
nearly same at both the temperatures. In general, with lowering the bed temperature, the CO
conversion drops and the product selectivity shifts to the shorter-chain hydrocarbons, for all
the catalysts studied here. Also, at both the temperatures, the CA-modified catalysts display
improved CO conversions.
6.3.1 Discussion

At both 220 and 230 °C, the CO conversions increase in the following order; Co/SiO; <
Co/NTA/SiO, < Co/EDTA/SiO,. The improvement in the CO conversions can be explained as
follows. The activity of a cobalt-based catalyst in FTS has been shown to depend strongly on the

98,100

number of cobalt atoms exposed on the surface . The higher density of cobalt surface sites

1720 " 1n this study, the

normally assists in improving the catalytic activity of FT catalysts
characterizations of the catalysts confirm the presence of a well-dispersed cobalt oxide phase.
Therefore, the higher CO conversion can be attributed to the improved dispersion of CA-
modified catalyst.

The preparation of the supported cobalt catalyst with the higher metal dispersion is
challenging as it requires control over metal-support interactions. Soled et al.” 1 have
detailed the strategies to control the interaction between metal precursor and a support. The
challenge in employing such strategies is having a strong enough interaction to achieve good

dispersion but not so strong that it would prevent the reduction of the oxide phases at lower

temperature. Similar to the approach adopted here, many groups have attempted surface
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modification of support to improve the properties of a FT catalyst. The effects of CA
modification on the performance of the cobalt catalyst in the present investigation are
comparable to other surface modifications studies as described in Chapter 2. Accordingly, the
organic modification of the support can reduce the surface silanol (Si-OH) species on silica and
therefore suppressed the direct interaction between the metal and a support. Therefore, the
resulting catalysts with suppressed metal-support interaction display the improved dispersion.
At the same temperature, the hydrocarbon selectivities for all the three catalysts are
comparable. Selectivity control, generally, is one of the most important and difficult challenges
of FT synthesis. It is commonly assumed that the formation of heavier hydrocarbons is favored

102 ) 5oking at

when carbon monoxide and intermediates adsorb strongly on a catalyst surface
the product distribution in the present work, it can be said that the CA modification may assist
in improving the CO conversion without affecting the product selectivities.

For the NTA-modified catalyst and the base catalyst, at lower temperature, the C;
selectivities and the CO, selectivities are higher. However, for the EDTA-modified catalyst, the
CO, selectivities increase with the temperature increase. The higher methane selectivities are

192 Reuel and

usually attributed to the presence of small cobalt particles in the narrow pores
Bartholomew'® have related the higher CH, selectivities to the presence of stable unreduced
cobalt oxide phases that are capable of catalyzing the water-gas-shift reaction. The WGS
activity thus can result in higher H,-to-CO ratio on the surface of catalyst. H, being a smaller
molecule, compared to CO, it can more easily diffuse into small pores of the support. Hence,
the diffusion limitation of CO further contributes to increase in H,-to-CO ratio. The higher H,
partial pressure in the pore can decrease the probability of chain polymerization and can
therefore result in higher CH,4 selectivity, due to hydrogenation of adsorbed intermediates. In

summary, the higher CH4 and CO; selectivity is due to unreduced cobalt oxide phases and small

Co particles on the catalyst surface resulting in high WGS activity.

6.4 Product Yield of Modified Catalysts
The paraffins, olefins and alcohols yields for three catalysts are presented in Table 6.3.

As mentioned earlier, the product yields of the base catalyst are comparable to other cobalt
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catalysts. At 230 °C, the product yields of the CA-modified catalysts are higher than the base
catalyst. In fact, the EDTA-modified shows the highest value of the total product yield. For all
the three catalysts, the product yields at 220 °C are lower compare to those at 230 °C. The total
product yields for the CA-modified catalysts are still higher than the base catalyst at the lower
temperature, and the EDTA-modified once again shows the highest value. Therefore, it is
evident that both the CA-modified catalysts display higher yields of paraffins, olefins and
alcohols. The higher product yields of the CA-modified catalysts are consistent with the higher
conversions observed over these catalysts. Therefore, it can be said that the modification of
silica by a chelating agent not only improves the CO conversions but also results in the higher
yields of the products.

Table 6.3 Product yields of modified catalysts
Catalyst Co/Si0: Co/NTA/SiOz | Co/EDTA/SiO;
Temperature, °C 220 | 230 220 230 220 230
CO conversion, % | 18.9 | 26.0 19.8 32.0 421 66.7
Product yield, gC/kgc../h

Paraffin 95.1 | 141.2 | 132.7 | 239.9 | 287.5 | 523.5
Olefin 15.1 | 12.2 | 215 24.0 45.0 85.3
Alcohol 4.4 16.3 | 10.5 36.7 25.3 37.1
Total 114.6 | 169.7 | 164.7 | 300.6 | 357.8 | 645.9

6.4.1 Estimation of a

The ASF distributions of the hydrocarbons over the three catalysts are plotted in Figure
6.4 and Figure 6.5, for 230 °C and 220 °C, respectively. The values of the propagation
probability, a, determined from the slopes are presented in Table 6.4. The values of a are

15104 "At 230 °C, the values of a for

comparable to the reported values for other cobalt catalysts
the CA-modified catalysts are smaller than that of the base catalyst. On the other hand, at 220
°C, all three catalysts show same values for a. The variation in values of a due to CA
modifications of the cobalt catalysts is not significant. It suggests that the hydrocarbon
distribution is not significantly affected due the CA modification. This can be further supported

by the fact that all three catalysts show comparable hydrocarbon selectivities (see Figure 6.2

and Figure 6.3).
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Figure 6.4 ASF distribution over cobalt catalysts at T =230 °C
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Figure 6.5 ASF distribution over cobalt catalysts at T = 220 °C
Table 6.4 a values of cobalt catalysts
Catalyst Co/Si02 | Co/NTA/SiO: | Co/EDTA/SiO:
Temperature, °C | 220 | 230 | 220 230 220 230
slope -0.431-0.32| -043 | -0.36 | -0.43 -0.42
a 0.65 | 0.73 | 0.65 0.70 0.65 0.66
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6.4.2 Paraffin Selectivity

The paraffin selectivities as a function of carbon numbers over three catalysts at 230
and 220 °C are presented in Figure 6.6 and Figure 6.7, respectively. At both the temperatures,
the maximum selectivity is at C; for all three catalysts. The selectivity drops thereafter with
increasing carbon numbers before showing an increase at around Ce. The selectivity
progressively increases and reaches a secondary maximum before showing a further decrease
for the higher carbon numbers. The secondary maximum for the base catalyst is around Cy. For
the CA-modified catalysts, the secondary maximum shifts towards Cy for the NTA-modified
catalyst and towards C; for the EDTA-modified catalyst. In contrast, at 220 °C, no noticeable
shifts in paraffin selectivities are noted and all the three catalysts display similar trends with a
secondary maximum around C;. Also, at 220 °C, the EDTA-modified catalyst shows a slightly
higher paraffin selectivity between C, to C¢ compared to the NTA-modified and the base
catalyst.

As mentioned earlier, the paraffins yields of the CA-modified catalysts are superior
compared to the base catalyst (see Table 6.3). It is also evident that shifts in the selectivities are
marginal for the CA-modified catalysts. As a result, the CA modification is said to be beneficial

for achieving higher yields of the desired liquid products with the improved conversions.
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Figure 6.6 Paraffins selectivity as a function of carbon number over CA-modified catalysts
(Experimental conditions: Tcat = 230 °C; P = 20 bar; H,/CO = 2; GHSV = 9000 sccm/h/gcat)
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Figure 6.7 Paraffins selectivity as a function of carbon number over CA-modified catalysts
(Experimental conditions: Tcat = 220 °C; P = 20 bar; H,/CO = 2; GHSV = 9000 sccm/h/gcat)

6.4.3 Olefin Selectivity

Figure 6.8 and Figure 6.9 illustrate the olefin selectivities as a function of carbon
numbers for the three catalysts at 230 and 220 °C, respectively. At 230 °C, the base catalyst and
the NTA-modified catalyst show increases in the olefin selectivity from C, to C; and thereafter
show a drop in the selectivities with increasing carbon number till C¢. The EDTA-modified
catalyst, however, shows a progressive drop from C; to Ce. After reaching the minimum at G,
the olefin selectivities show increasing trend with the carbon number before reaching a
secondary maximum. Thereafter, the selectivity drops for higher carbon number. Similar to the
paraffin selectivities, for the CA-modified catalysts, the secondary maximum shifts to a lower
carbon number. Also, both the CA-modified catalysts show better selectivities for the Cg to Ci4
olefins.

At 220 °C, the EDTA-modified catalyst shows increases from C, to C3 and a progressive
drop thereafter till Cs. The NTA-modified catalyst and the base catalyst, however, show a
progressive drop from C, till C¢ and C;, respectively. The selectivity trends for the higher carbon

numbers are comparable for all the three catalysts, with a maximum around Cg.

70



45

40 —a— ColSiO,
—a— Co/NTA/SIO,
35 —e— CO/EDTA/SIO,

Selectivity (%)

2 4 6 8 10 12 14 16 18 20
Carbon No. (n)

Figure 6.8 Olefin selectivity as a function of carbon number over CA-modified catalysts
(Experimental conditions: Tea; = 230 °C; P = 20 bar; H,/CO = 2; GHSV = 9000 sccm/h/gcat)
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Figure 6.9 Olefin selectivity as a function of carbon number over CA-modified catalysts
(Experimental conditions: Ta: = 220 °C; P = 20 bar; H,/CO = 2; GHSV = 9000 sccm/h/gcat)
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Therefore, the CA modification is said to have caused higher olefin yields (see Table 6.3),
with a slight shift in the selectivity at 230 °C and no shift at 220 °C.

For the CA-modified catalysts at 230 °C, the secondary maximum in the paraffin and
olefin selectivities shifts slightly to the lower carbon numbers, compared to the base catalyst.
These trends are consistent with the lower values of a for both the CA-modified catalysts at 230
°C.

6.4.4 Alcohol Selectivity

The alcohol selectivities as a function of carbon numbers are compared in Figure 6.10
and Figure 6.11 for the three catalysts at 230 and 220 °C, respectively. The selectivities of
alcohols with carbon number is qualitatively the same at both the temperatures over all the
three catalysts, showing an increasing trend from C; to C, and then decreasing selectivities for
the higher alcohols from C, onwards. Therefore, ethanol is the dominant alcohol in the aqueous
phase of the products. The alcohol yields of the CA-modified catalysts are higher than those of
the base catalyst. It can be said that the CA modification results in higher alcohol yields (see

Table 6.3) without significantly changing the alcohol selectivities.
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Figure 6.10 Alcohol selectivity as a function of carbon number over CA-modified catalysts
(Experimental conditions: T = 230 °C; P = 20bar; H,/CO = 2; GHSV = 9000 sccm/h/gcat)
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Figure 6.11 Alcohol selectivity as a function of carbon number over CA-modified catalysts
(Experimental conditions: T¢a: = 220 °C; P = 20 bar; H,/CO = 2; GHSV = 9000 sccm/h/gcat)

6.4.5 Discussion

Surface modification by CA forms a larger number of CO adsorption sites, as evident by
the improved CO conversions. The CA modification of silica forms stable chelate-Co complexes
and a more-highly dispersed active metallic phase on the surface of the cobalt catalyst. This has
been confirmed by the results from the XPS study in Section 4.3.4, indicating higher Ic./ls; ratios
for fresh CA-modified catalysts. Also, the dispersion measured by hydrogen chemisorption is
higher for both the CA-modified catalysts than for the base catalyst. The TOFs for the base
catalyst and the EDTA-modified catalysts are comparable. On the other hand, the NTA-modified
catalyst shows lowest value of TOFs. As the site density increases, especially in the case of CA-
modified catalysts, the probability of a-olefin readsoprtion increases, leading to higher yields of
longer-chain hydrocarbons. In addition, Iglesia et al.?® have reported that a structural
characteristic of the support and a high site density within catalyst pellets increases the
residence time and the readsoprtion probability of a-olefin intermediates. Subsequently, the
higher readsoprtion of the intermediates results in the formation of the longer-chain

hydrocarbons and hence the higher Cs, yields.
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As reported in the literature®®, alcohols are produced under FTS condition by two
possible routes: hydroformylation of olefins, and CO insertion of adsorbed intermediates. Also,
the alcohol contribution to the overall products formed in FTS is less than 5 % in all cases.
Therefore, it is unwise to comment about the effect of the higher site density of CA-modified
catalysts on alcohol yield.

The addition of NTA and EDTA to cobalt catalyst has been reported'’ '*

to impart
additional acidic sites on the catalyst surface which could result in a lower-chain growth
probability and higher selectivity to lighter hydrocarbons. However, in the present case, the
observed selectivities for CA-modified catalyst are nearly similar to the base catalyst. It must be
remembered that the molar ratio (i.e. CA to Co) used for catalysts synthesis in this study was
unity and may not be sufficient to impart any additional acidic sites.

The post-reaction characterizations of these catalysts were performed to understand

the effect of FT conditions on the structure of the catalysts. The results of the characterization

study are presented in Chapter 9.

6.5 Summary

The CA-modified catalysts show improved CO conversions and the product yields
compared to the base catalyst. In fact, the EDTA-modified catalyst shows the highest
conversions and the product yield. The product selectivities of all the catalysts are comparable
at various temperatures. The TOFs for the base catalyst and the EDTA-modified catalysts are
comparable. On the other hand, the NTA-modified catalyst shows lowest value of TOFs. The
enhanced activity of CA-modified catalysts can be attributed to the higher metal dispersions
and hence the higher number of catalytic sites. The results from physical characterization are in
good agreement with the FT activity and selectivity evaluation. Therefore, CA-modification of

the support is confirmed to improve the performance of the FT catalysts.
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CHAPTER 7
DETERMINATION OF KINETIC PARAMETERS AND MASS-
TRANSFER LIMITATIONS FOR FT SYNTHESIS

7.1 Introduction

In Chapter 7, the effects of catalyst bed temperature and syngas space velocity on FT
performance are presented. It must also be noted that, the effect of temperature on CO
conversion has been reported2 to be more severe than the effect of operating pressure, and
hence investigation with pressure variation is eliminated in this study. The results from the

temperature variation experiment are used to estimate kinetic parameters, such as the rate

constant, K, the activation energy, Ea, and the reaction rates, I-g, for the base-case cobalt
catalyst. In addition, K and Ea are determined for CA-modified catalysts. The absence of

mass-transfer limitations is also evaluated by space velocity variation.

As mentioned earlier, at this point, the purchase of premixed syngas cylinders was no
longer an option. Hence, we operated the remaining FT runs with separate cylinders having H,
and CO with their respective internal standards, 5 mol% He and 5 mol% Ar, respectively.
Further, using two MFCs (instead of one MFC for the premixed cylinder) required the total
syngas flow rate to be increased to 225 sccm from 150 sccm. Therefore, the gas hourly space

velocity (GHSV) for the rest of the work is 13,500 sccm/h/gcat.

7.2 Effect of Reaction Temperature

In order to estimate the kinetic parameters, the catalyst bed temperature was varied
within the proximity of the commonly used bed temperature of 230 °C for Co/SiO, catalysts.
Therefore, bed temperatures of 215, 230 and 245 °C were selected.

Initially, the CO conversions were recorded at 215 °C for 24 h. In the next step, the
temperature of the bed was increased to 230 °C. Once again, the instantaneous CO conversion
was measured for 24 h and the average value was obtained. Finally, the bed temperature was

further increased to 245 °C and CO conversion was recorded as before. This procedure varies
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somewhat from that used in previous chapters for which each run contained a 24 h settling
period at the temp of interest. However, the settling is less important for conversion.
For each step, an average value of conversions and TOFs are shown in Table 7.1.

Table 7.1 Effect of temperature on average CO conversion and TOF
TOS T T |1000/T | Xco | TOF
M JCOTEK | KD | % | (s1)

0-24 | 215 | 488 2.05 12.0 | 0.0068

24-48 | 230 [ 503 1.99 26.8 | 0.0151

48-72 | 245 | 518 1.93 |41.80.0236

7.2.1 Determination of Rate Constants

The data from Table 7.1 were analyzed to determine the rate constant, K .

The rate expressions proposed for FT cobalt catalysts in the literature range from simple
power-law expressions to fairly complex Langmuir-Hinshelwood expressions of various forms®.
Zennaro et al.”® have proposed a kinetic model for FT cobalt (11.7 w%) catalyst from their work
with a differential fixed-bed reactor over a wide range of operating conditions at 20 bar, 180-
240 °C and H,/CO feed ratios of 1.0-4.0. In their study, the space velocity was varied between
3000-5000 h™. In addition, the partial pressures of H, and CO were also varied from 4-14 and 2-
6 bar respectively. The TOF values were between 0.0071 and 0.095 s™. These are close to the
conditions used in the present work. The power-law rate expression of Zennaro et al. can be
represented as:

0.74 -0.24
flco = k.pHZ -Pco (7.1)

where, I is the rate of CO consumption [mol/h/gca, Py, and Pq are the partial pressures

of reactants [Pa], and Kk is the rate constant and has the unit [mol CO/h/Pa®>/gcal.

The concentration of CO, CCO , can be expressed in terms of conversions, XCO , as,

Con = Cco,inll—Xco)
co (1+€Xco)

where, the expansion factor, &, accounts for the change in total molar volume. Also, & is

(7.2)

negative in the present case due to reduction in total molar volume during the reaction.
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The inlet molar ratio of H, to CO, i.e., M, is 2.0 in the present study. Therefore, based on the
reaction stoichiometry,

[mol of H, reacted] = 2 x [mol of CO reacted ] (7.3)

Similar to Eq. (7.2), the concentration of H,, C H, » Can be expressed in terms of XCO as,

_ Cco,in(M —2Xc¢o)

CH,= 7.4
H2 (1+ €Xco) ( )
Using Eq. (7.2) and Eq. (7.4), simplified Eq.(7.1) can be written as,
1-X
feo = 20'74kCco,in0'5 ( co) (7.5)
(1+ {;‘Xco)
Therefore, a design equation for a fixed-bed reactor becomes,
vC Xco _ 5074 kCcoin’ 5 |\U=Xco) (7.6)
co’ dWeat (1"' eX CO)
where, Wy is the weight of the catalyst [ger] and vy is the volumetric flow rate (m>/h).
Integrating,
XCO,out 074, Weat 0.74
I 1+ Xco) 4y 27 1%k Cf" AW = 2 KWy (7.7)
1- Xco) COo = 05 cat — 05 '
(- Xco voCcoiin ~ 0 voCco,in

The solution for the integral in Eg.(7.7) can be determined by comparing with the

following integral,

| (px+q) ;. _ J@x+b)px+a) (aq—bp)j 1 & (78)
(ax+b) a 2a  * Jlax+b)Ypx+q)
Comparing Eq.(7.7) and (7.8), weget; p=¢&, =1, a=-1,and b=1
XCO,out
j wdxco =1~ Xco N1+ &Xco)
(1_ XCO) (7.9)
+ (-1-¢) L dX co

d|
-2 V2= Xeo N1+ X o)
The integral in Eq. (7.9) can be further simplified by using,

1
IJ(r’sl><+b)(|o><+q

)dx:\/i_pln[\/a(px+q)+\/p(ax+b)] (7.10)
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Comparing Eq.(7.9) and (7.10), we get; a=-1, b =1, p=¢and q=1.

Therefore, the solutions of the integral in Eq.(7.9) can be written as,

XCO,out 1+ X oo
J‘ —dXCO:
0 (1_XCO)
_1- 2 XCo,out
(_\/(l_XCO)(l-'_ngO)-'_( Zg)x\/ gIn[\/—(1+8xCo)+\/8(1—Xco)]j
o - 0
(7.11)

Therefore, after solving Eq.(7.11) we get,

Xco,out

| ioxeo)

\/(1+ ‘9XCO,out)+ \/_ 8(1_ XCO,out)
1++-¢

1
1_\/(1_ XCO,out xl"'gxco,out)"' (\/ti)ln

(7.12)
Using Eq.(7.12), Eq.(7.7) becomes,

(1+¢) \/(:H 5XCO,out)+ \/_ ‘9(1_ XCO,out) 20-74 KWeat
1- =X T+ X | _
Y= Xco ou Jir Xco gu )+~ In s wCeomn’

(7.13)

Therefore, the value of K can be calculated from Eq. (7.13).

As mentioned earlier, the products of FTS include paraffins, olefins and alcohols.
However, in Chapter 6 it has been confirmed that the paraffins are the most-favored products
among others, especially for cobalt catalyst. The value of ¢ can be determined by considering
the paraffin formation reaction (see Eq. (2.1)) as a representative one. Therefore, the average
value of ¢ is calculated to be -0.67 for carbon number (n) from 1 to 40. The lower paraffins
(n<5) are assumed to be gaseous and higher paraffins (n>5) are assumed to be liquid for
calculation of ¢.

Accordingly, the values of K were calculated for each bed temperature. The values for

the reaction rates were obtained from average CO conversion over 24 h. The values of the rate
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constant and reaction rates for the base catalyst are presented in Table 7.2. The values for the

rate constants are comparable to the reported values (e.g., 2.1 X 10 mol/h/Pa®*/g.s at 200
oC)68, 69, 98

Table 7.2 Rate constant for the base-case cobalt catalyst

T Xco k rco
(°C) | % | (mol/h/Pa®>/gea) | [mol/h/geui]
215 | 12.0 0.70E-02 0.027
230 | 26.8 1.69E-02 0.058
245 | 41.8 2.59E-02 0.095
Using
—E
k = kn expl —& 7.14
0 p( RT] (7.14)

An Arrhenius plot obtained from Eq.(7.14) is shown in Figure 7.1. From the slope, the activation

energy, E ¢, is determined to be,

Eact =85 KJ /mol (7.15)

-3.0

3.4

-3.8 1

4.2 4

Ink, (mol/h/Pa’°/gcat)

-4.6

'5.0 T T T T T
1.85 1.90 1.95 2.00 2.05 2.10 2.15

1000/T

Figure 7.1 Arrhenius-plot of CO conversion for the base catalyst
(Experimental conditions: P = 20 bar; H,/CO inlet molar ratio = 2; GHSV = 13,500 sccm/h/gcat)
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The calculated of Eact is well within the range of 63 to 132 KJ/mol, as reported for

cobalt catalysts under similar FTS conditions® 2.

The constant bed temperature of 230 °C will be selected for the rest of the present work
unless otherwise mentioned.
7.2.2 Rate Constant and Reaction Rates of CA-modified Catalysts

For CA-modified catalysts, the values of rate constants and reaction rates are calculated
based on Eq.(7.13) and (7.5), and are presented in Table 7.3. The EDTA-modified catalyst shows
highest conversions as confirmed in Chapter 6. This is consistent with the highest reaction rate
and the rate constants, calculated for the EDTA-modified catalyst.

Table 7.3 Rate constant and reaction rates of CA-modified catalysts

T | Xco k fco o
(°C) | % | (mol/h/Pa®5/gea) | [mol/h/geud 7
Co/NTA/SiO2 | 230 [32.0 2.01E-02 0.072 |0.0052
Co/EDTA/SIO; | 230 | 66.7|  3.96E-02 0151|0007

7.3 Mass-Transfer Limitations

It is important to verify whether the kinetic parameters in the previous section were
determined in the absence of any mass-transfer limitation. Therefore, in the next step, space
velocity was varied to study the effect on conversion®.

The effect of space velocity on the CO conversion was studied by varying the flow rate
of syngas at constant reaction temperature and constant total pressure. At first, the total inlet
flow rate of syngas was set at 200 sccm and the CO conversions were recorded for 24 h. In the
next step, the flow rate was increased to 225 scccm and the data were recorded for the next
24-h interval. In the last 24-h interval, the flow rate was raised to 250 sccm, and the
corresponding conversion data were recorded.

The observed CO conversions are plotted in Figure 7.2 with respect to TOS. The CO
conversion is observed to be strongly influenced by the space velocity since it corresponds to

inverse of residence time.
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Figure 7.2 CO conversion as a function of TOS (h) for the base catalyst at flow rates of 200, 225
and 250 sccm (experimental conditions: T = 230 °C; P = 20 bar; H,/CO inlet molar ratio = 2)

In addition, Table 7.4 provides the averaged CO data and TOF with varying space
velocity. In general, CO conversion and TOF decreases with increased space velocity or
decreased space-time.

Quantitatively, the plot for CO conversion (%) vs. space velocity (sccm/h/gct) is a
straight line as shown in Figure 7.3. Therefore, it can be confirmed®® that there is an absence of
any external mass-transfer limitations within operating conditions for 20-40 mesh Co/SiO,
catalyst particles.

Table 7.4 Effect of GHSV on CO conversion and TOF of the base catalyst

Flow Rate | GHSV (sccm/h/gcat) | Xco % | TOF (st
200 12000 29.83 | 0.0141
225 13500 23.01 | 0.0057
250 15000 18.63 | 0.0050
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Figure 7.3 Plot of CO conversion vs. space velocity for the base catalyst
(Experimental conditions: T = 230 °C; P = 20 bar; H,/CO inlet molar ratio = 2)

7.4 Summary

The prepared cobalt catalyst showed acceptable performance and confirmed absence of
any external-mass-transfer limitations. The measured rate constant, TOF and the activation
energy values are in good agreement with the reported values for cobalt catalysts.

The study of the temperature and space velocity variations assisted in a better
understanding of catalyst activity within the proximity of operating conditions. It provides a
strong basis for understanding the catalyst performance when syngas with sulfur impurities
(poisons) are introduced into the FT reactor. The results from the poisoning study will be

discussed in the next chapter.
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CHAPTER 8
EFFECT OF SULFUR IMPURITIES IN THE INLET SYNGAS ON
THE PERFORMANCE OF FT CATALYST

8.1 Introduction

Sulfur-based impurities, mainly H,S and organic sulfur, are formed during the
gasification process from the sulfur present in the coal or biomass. The concentration of these
impurities in the coal or biomass is not uniform and even average values vary based on the
carbon source. Many industrially used catalysts are sensitive to sulfur poisoning and are
severely affected by even very low concentrations of impurities.

In this study, the aim is first to develop the strategy to introduce the organic sulfur
impurities into the catalyst zone and to evaluate catalyst performance during in-situ poisoning.
In order to carry out poisoning studies, a suitable organic sulfur compound and a solvent are
selected. The selection is justified by preliminary experimental runs under relevant conditions.
For the base catalyst, the activity and the product selectivities are compared in the presence of
different sulfur concentrations. On the other hand, the poisoning study of CA-modified catalysts
is performed under one sulfur impurity level. Furthermore, the effect of sulfur poisoning on the
performance of the catalyst is carefully determined by comparing catalyst activity and product

selectivity during the pre-poisoning, poisoning and post-poisoning stages.

8.2 Selection of Solvent and Organic Sulfur

As mentioned in Chapter 3, sulfur-poisoning runs require some modifications to the
equipment and procedure. The BenchCat unit, shown in Figure 3.1, incorporates a liquid-
delivery system consisting of a syringe pump followed by an evaporator and a volume
expander. This setup can therefore be used to introduce sulfur impurities in the inlet syngas.
The experimental plan involves the use of a liquid solvent that can dissolve a liquid organic
sulfur compound, and then the mixture can be vaporized. The vapor formed in the evaporator

enters the volume expander which serves to maintain a desired concentration and pressure of
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vapor before mixing with the inlet syngas. Both the evaporator and expander operate at
temperatures well above the boiling point of both the liquids.

Paraffins (C,Hn+2) With n greater than 5, are available as liquids at normal conditions.
The low boiling points of Cs to C; paraffins make handling difficult when exposed to the
atmosphere. Therefore, paraffins with carbon number 8 or higher were potentially considered
for use as a solvent. Inspecting the inherent paraffinic distribution of FT products (Figure 5.5a),
the percentage of higher hydrocarbons (i.e., C;o onwards) is on the low side, and the use of
these longer-chain paraffins as solvent was considered not to affect the quantification of other
paraffins. A longer-chain non-paraffinic hydrocarbon such as squalene, C3gHsg, with a boiling
point of 285 °C, was also considered as a solvent. However, the selection of a C,0: hydrocarbon
as a solvent was overruled by the maximum operating temperature of the evaporator and the
volume expander, i.e.,, 230 °C. The longer-chain hydrocarbons would necessitate a higher
operating temperature. Non-uniform vaporization of a longer-chain hydrocarbon could result in
a channeling effect, leading to a non-uniform distribution of the sulfur compound in the catalyst
bed. The highly viscous liquid-phase solvent with long-chain hydrocarbon could also accumulate
into bends and elbows of the unit, and could result in a buildup of back-pressure.

On the other hand, a lower-chain hydrocarbon, such as with carbon number 8, offers
the advantages of a relatively lower boiling point and a lower viscosity. Of course, if used as a
solvent, this paraffin, i.e., n-octane, would interfere with Cg peaks of FT products. However, the
quantification issues could be resolved by performing some additional calibration runs. The
resolution of these operational issues resulted in the selection of n-octane as the solvent.

The alkanethiols, i.e., R-SH, were then considered to represent the organic sulfur
impurities normally present in raw syngas. The lower boiling point of ethanethiol (b.p. of 35 °C)
poses handling issues in normal conditions. Butanethiol, on the other hand, has a boiling point
of 98 °C and can be handled with proper precautions. In addition, butanethiol forms a
homogeneous mixture with n-octane. Therefore, butanethiol (C4H1,S) was selected as the sulfur
carrier, and n-octane (n-CgH1g) as the organic solvent.

In summary, the selection of these two components, n-octane and butanethiol, was

primarily influenced by the ease of operation, boiling point, and the limitations of the existing
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reactor setup. The important physical properties of n-octane and butanethiol are listed in Table
8.1.

Table 8.1 Physical properties of the solvent and sulfur carrier'®

n-Octane | Butanethiol
Molecular formula CsHis C4H10S
Molecular weight (g/mol) 114.3 90.2
Color colorless colorless
Boiling point (°C) 126 98.4
Specific gravity 0.84 0.73
Viscosity (cP) 0.54 0.51

8.3 Activity of n-Octane under FT Conditions

Initially, the syringe pump was made operational and was calibrated. At first, the pump
was filled with DI water from a 500-ml reservoir to ensure the functional reliability of the
various components. In this setup, water from the syringe pump was passed through the
evaporator and the volume expander, both preheated to 140 °C. The steam exiting the
expander was mixed with the inert gas and the mixture was subsequently passed through the
empty reactor at different operating pressures. The steam was allowed to condense in the
downstream condenser and was recovered at the end of the run. The preliminary blank run
performed with DI water provided useful directions (e.g., deciding liquid flow rates) in
developing the approach for the subsequent n-octane and sulfur introduction runs.

In the next step, pure n-octane from a new 500-ml reservoir was used to flush out the
water from all the setup lines. The flushing cycles were repeated until the recovered n-octane
showed no trace of water. Trace water, if present, can potentially affect the accuracy of the
data from a real FT run and hence the repeated flushing with n-octane was necessary.

Next, runs were performed to find the activity of n-octane solvent under FT conditions
(T, 230 °C; P, 20 bar; GHSV, 13,500 sccm/h/gc.t). A low flow rate of n-octane (0.01 cc/min of
liguid) was selected, in order to limit the n-octane quantity in the condensed products. In the
first scenario, the reactor tube was loaded with the base Co/SiO, catalyst, similar to a routine
FT run. An inert He gas was used as the primary feed, instead of syngas. Once the desired
conditions were reached, the n-octane from the syringe pump was introduced at a liquid flow

rate of 0.01 cc/min. The gases exiting the unit were continuously analyzed by the online GC and
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showed no measurable TCD or FID products. Therefore, it can be confirmed that the cobalt
catalyst under relevant FT conditions and inert He atmosphere does not show any activity with
respect to the n-octane.

In the second scenario, the experiment was designed to evaluate the non-catalytic
activity of n-octane and syngas under FT conditions. The reactor was loaded with only quartz
chips and no catalyst. The inert He gas was replaced with syngas. The other operating
conditions were the same as mentioned in the first scenario. The outlet gases were analyzed by
the online GC. The CO conversion data and the inlet and the outlet CO molar flow rates are

shown in Figure 8.1.
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Figure 8.1 CO conversion and molar inlet and outlet CO flow rates for a blank run with n-octane,
syngas and quartz chips
(Experimental conditions: T =230 °C; P = 20 bar; GHSV = 13,500 sccm/h/gcat)

The CO conversion, in the presence of n-octane and in the absence of the cobalt
catalyst, was measured to be below 1 %. The FID showed only traces of CH; during first few
hours of the run, after which CH4 was seen to disappear. In addition, product analysis showed
insignificant CO conversion (less than 1 %) after the initial few hours. Such a small extent of

conversion could be attributed to the activity of quartz chips used for filling the reactor, that of
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the SS wall of the reactor and the tubing, or to measurement errors from GC quantification. The
numbers are similar to the situation when the synthesis gas was run in the absence of n-octane
and the catalyst, i.e., below 1 % as shown in Figure 5.2. The product analysis once again
confirmed the absence of any effect of n-octane.

Therefore, after studying the activity under two scenarios as explained above, n-octane
was determined to be effectively inactive towards the catalyst, syngas and other components
of the reactor separately. The next experimental strategy was developed to evaluate the

activity of n-octane in the presence of the Co catalyst and syngas under normal FT conditions.

8.4 Performance of the Cobalt Catalyst in the Presence of n-Octane Only

In the next step, a FT run was planned with the addition of only n-octane to the syngas
feed. In this case, the reactor was loaded with the Co/SiO, catalyst and syngas was used as a
primary feed. All other operating conditions were similar to the one used in the routine FT run.

The total time on stream (TOS) was 72 h. Similar to previous runs, the outlet gases were
analyzed every 30 min with an online GC. During the initial 24 h, the syngas alone was in the
feed, to allow the catalyst to reach a stable activity. A liquid sample was recovered at the end of
this 24 h period. At the beginning of the next 24 h period, n-octane was introduced in the inlet
syngas through the syringe pump. The flow rate of n-octane was kept constant at 0.01 cc/min
15 h. After 15 h, only syngas was fed to the reactor. Similar to the first 24 h period, a liquid
sample was collected at the end of 48 h. Finally, in the last 24 h period, again only pure syngas
was allowed to pass through the reactor, and a liquid sample was recovered at the end of 72 h.

The CO conversions for the runs with only syngas and with syngas plus n-octane are
shown in Figure 8.2. In both the cases, the CO conversion slowly increases in the initial period.
Furthermore, the CO conversions in both cases remain constant during entire run. In the case of
the run with n-octane addition, during the second period of solvent addition (i.e., TOS from 24
to 48 h), there is no noticeable effect on CO conversion. In fact, the CO conversion remains
steady at ca. 18 % during the entire 72 h operation, even after the n-octane flow is stopped.
Therefore, the addition of n-octane during the FT run does not appear to have any effect on the

CO conversion.
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It must be stressed here that the n-octane was added to the inlet feed only after the
catalyst reached some steady-state activity. The approach adopted here is effective in
estimating the actual change in CO conversion due to the addition of n-octane. Also, the
adopted approach can be considered to represent the changes in conversion more precisely
compared to a situation where solvent is introduced in the feed from the beginning of the run

and without attaining the steady-state conversions.
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Figure 8.2 CO conversion for Co/SiO, catalyst during a dry run (“normal” run) and with n-octane
(Experimental conditions: T = 230 °C; P = 20 bar; GHSV = 13,500 sccm/h/gcat)

8.4.1 Revised Procedure for Paraffin Product Analysis

For the run discussed above, the liquid samples collected every 24 h were analyzed by
an offline GC. As discussed earlier, the only difference between this run and the normal FT run
is the addition of n-octane during the operation. For the run where n-octane is added, the oil
product recovered is expected to have anomalies in the paraffin distribution, because n-octane
is also one of the paraffin products of FT reaction. Therefore, the original approach is revised to
guantify the n-octane from FT product as discussed below.

The paraffin weight distribution for the oil sample collected at the end of 48 h and 72 h

is shown in Figure 8.3 a and b, respectively.
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Figure 8.3 Weight distribution of paraffins as a function of carbon numbers over a Co/SiO,
catalyst (a) for 24-48 h and (b) for 48-72 h

The sample collected at the end of 48 h exhibits a paraffin distribution with carbon
numbers from 6 to 28 with a maximum (not counting Cg) around C;; as shown in Figure 8.3a.

This paraffin distribution (not counting Cg) is consistent with the one from the run without n-
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octane addition, as shown in Figure 5.5a. Of course, due to the additional n-octane passed
during this segment, a strong peak for Cgis noticed. Further, the liquid sample collected at the
end of 72 h, shown in Figure 8.3b, also contains a Cg peak but with a lower intensity than the
one in Figure 8.3a. This clearly suggests the presence of vaporized n-octane traces in the lines,
even after the n-octane flow is terminated. This could be due to the time required for the
vaporized n-octane to flush out of the unit under high pressure.

The difference between the mass flow rate of Cg recovered during the run with Cg,
syngas and no catalyst (see Figure 8.1) and the Cg collected during the FT run between 24-48 h
with Cg introduced into the feed, is used to determine the mass flow rate of Cg present in the FT
products alone. Quantitatively, the total amount of Cg collected during the FT run with n-octane
addition is 1.45 gC/day. The amount of Cg collected during the run with Cg, syngas and no
catalyst is 1.26 gC/day. Therefore, the amount of Cg in the actual FT product is estimated to be
the difference of these two numbers, i.e., 0.19 gC/day. With the corrected mass flow rate of Cg,
the weight distribution of the paraffins is re-calculated. The corrected distribution is shown in
Figure 8.4.

In addition, the amount of C; in the FT product is 0.05 gC/day and the amount of Cg is
0.17 gC/day. The corrected Cg amount is expected to be between the C; and Cg amounts;
however, the corrected value of Cg (0.19 gC/day) is higher than Cs. These deviations are
attributed to experimental measurement errors. Due to the very large volume (liters) of the
reactor and the condensers of the BenchCat unit, it is difficult to recover the relatively small
guantity of n-octane that is injected during the run. The deviations in the estimation of Cg are
within an acceptable range, especially when products are lumped. Therefore, the approach
developed can be applied for the estimation of Cg in the remaining runs involving sulfur

poisoning.
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Figure 8.4 Weight distribution of paraffins collected at the end of 48 h after subtracting the
blank run data for Cs

8.5 Syngas with Organic Sulfur Impurities

After sufficient confidence was developed in the use of n-octane as an organic solvent,
runs were initiated to study the poisoning effect of organic sulfur on the FT catalyst. The
organic sulfur was introduced in the inlet syngas by pumping the liquid mixture of butanethiol
and n-octane through the syringe pump and vaporizing the mixture in the evaporator before
entering the volume expander. The mixture was kept in the volume expander until the vapor
reached system pressure (20 bar). Then the check valve opened and the mixture was added to
the inlet syngas.
8.5.1 Preparation of Butanethiol and n-Octane Mixture

The mixture of butanethiol and n-octane was prepared inside the fume hood using hand
gloves, a lab coat, an ear-loop face mask and safety glasses as personal protective equipment
(PPE). The precaution is necessary to avoid direct exposure of the butanethiol to the operator
and other laboratory users. The mixture was prepared by mixing the desired quantity of
butanethiol into n-octane. The prepared mixture of butanethiol and n-octane was subsequently

loaded into the syringe pump.
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Two mixtures of butanethiol and n-octane were prepared for the poisoning study. The
solutions contained butanethiol such that, when 0.01 cc/min of the liquid was evaporated and
mixed with 225 sccm of syngas for 15 h, the sulfur concentration in the syngas was either 10

ppmv or 50 ppmv.

8.5.2 Organic Sulfur Impurities in the Syngas

The base case Co/SiO, catalyst was subjected to two inlet sulfur concentrations of 10
ppm and 50 ppm. On the other hand, the EDTA- and NTA-modified catalysts were subjected to
only 10 ppm sulfur.

The following nomenclature will be used to simplify further discussion,
I.  Pre-poisoning stage: TOS=0to 24 h; only syngas
Il. Poisoning stage: TOS=24to 48 h; syngas along with butanethiol and n-octane

for the first 15 h, only syngas for the remainder

lll. Post-poisoning: TOS=48to 72 h; only syngas

It must be stressed that, during the poisoning stage, the sulfur introduction was initiated
at the end of 24 h and was continued for the next 15 h before being terminated; however, the
liguid products were collected only at the end of 48 h. The catalyst activity and selectivity could
only be evaluated for the entire 24 h to 48 h, although the sulfur introduction was terminated
at 39 h by switching off the syringe pump. The check valve was allowed to stay open until the
outlet pressure drop below 20 bar. Therefore, the entire 24-to-48 h TOS interval is referred to
as a poisoning stage.

The effect of sulfur impurities on the performance of the different catalysts was
evaluated. The performance is compared based on the change in the catalyst activity and the
product selectivity due to addition of sulfur. The results from the study are discussed in the

following section.
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8.6 Effect of Organic Sulfur Impurities on CO Conversion and FT Rate
8.6.1 CO Conversions of Base Case Catalyst

The effect of addition of 10 and 50 ppm sulfur on the CO conversion of Co/SiO; is shown
in Figure 8.5. In both cases, the operating conditions in the first 24 h remain essentially the
same. The average CO conversions are ca. 19 % and ca. 18 %, identical within experimental
error, as expected.

With the addition of 10 ppm sulfur, a small drop in conversion is noted for the first 8 h
of the poisoning stage. In the next 8 h of the poisoning stage, the conversion slips to ca. 16 %,
and in the remaining 8 h of the poisoning stage, the conversion further drops to ca. 9 %. In the
post-poisoning stage, in the presence of pure syngas, the average CO conversion is only ca. 5 %
and tends to reach a steady value toward the end of 72 h. Therefore, with 10 ppm sulfur poison
in the feed, the conversion drops from the initial value of ca. 19 % to ca. 5 % at the end of the
run. It is evident that the catalyst does not regain the lost activity for at least 24 h even after
the removal of sulfur poison in the feed. Hence the poisoning can be considered to result in the

permanent and at least partial loss of activity.
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Figure 8.5 CO conversion data for Co/SiO; catalyst with addition of 10 and 50 ppm sulfur
(Experimental conditions: T = 230 °C; P = 20 bar; GHSV = 13,500 sccm/h/gcat)
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After the introduction of sulfur, the CO conversion remains unaltered for the first few
hours in the poisoning stage. This may be because the sulfur is introduced at a relatively low
flow rate and needs time to fill up the large system volume of the evaporator and the expander
before reaching the desired pressure. In addition, the outlet gases are analyzed by the online
GC only after the stream passes through the downstream condensers, under high pressure. The
response-lags for introduction to the evaporator and expander, shown in Appendix |, are
approximately 555 min, assuming the ideal-gas behavior in the expander and plug flow through
the vaporizer.

For the next run, the inlet sulfur concentration was increased from 10 ppm to 50 ppm.
Addition of 50 ppm sulfur results in considerable changes in the performance of the catalyst, as
shown in Figure 8.5. In the first 8 h of the poisoning stage, the CO conversion drops slightly
from ca. 18 % to ca. 16 %; in the next 8 h, the CO conversion drops to ca. 14 %. In the remaining
8 h of the poisoning stage, the conversion drops rapidly to ca. 6 %. In the post-poisoning stage,
the CO conversion shows a progressive drop as the deactivation becomes more severe at higher
sulfur concentration. At the end of 72 h, the catalyst shows virtually no activity. As shown later,
there are no measurable products of GC analysis. As the catalyst did not regain activity even
after the sulfur was not being added, the 50 ppm sulfur present in the feed can be considered
to have poisoned all the catalyst sites and hence can be said to result in a permanent and total
loss in the activity.

The average CO conversions for each of the three stages for runs with different inlet
streams are plotted in Figure 8.6 for the Co/SiO, catalyst. The operating conditions during the
pre-poisoning stage (i.e., the first 24 h) are essentially similar for all the four experimental runs,
Figure 8.6(a) through (d), and the conversions are expected to be comparable. The small
deviations with the measured data can be attributed to experimental error. As discussed
earlier, the n-octane addition is found to have no effect on the CO conversions. Therefore, in

III

both the “normal” FT run and the one with pure n-octane (Figure 8.6(a) and (b), respectively),
the average CO conversions for all the three stages are nearly the same. On the other hand, the
addition of 10 ppm sulfur results in a drop in the CO conversion during both the poisoning and

the post-poisoning stage. The addition of 50 ppm of S shows an even more detrimental effect
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and results in virtually a complete loss in activity at the end of 72 h. Therefore, it can be
confirmed that organic sulfur impurities present in the syngas causes unfavorable changes in

the activity of FT catalysts.
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Figure 8.6 CO conversion for the Co/SiO, catalyst with different inlet: (a) “normal” run with
syngas feed, (b) run with syngas and n-octane feed, (c) syngas with 10 ppmv S equivalent,
and (d) syngas with 50 ppmv S equivalent
(Experimental conditions: T =230 °C; P = 20 bar; GHSV = 13,500 sccm/h/gcat)

8.6.2 CO Conversions of CA-modified Catalysts

In the next step, the CA-modified catalysts are subjected to sulfur poisoning during FT
operation. Since the use of 50 ppm sulfur results in complete deactivation, runs with the CA-
modified catalysts were carried out with 10 ppm sulfur only. All the operating conditions were
kept similar to the one mentioned earlier.

The trend of CO conversions vs. TOS is plotted for the EDTA- and NTA-modified catalyst
in Figure 8.7. Similar to the case of the base catalyst, the CO conversions drop for both the CA-
modified catalysts during the poisoning stage. In particular, for the EDTA-modified catalyst, in

the first 8 h of the poisoning stage, the conversion drops from ca. 51 % to ca. 48 %. In the next 8

h of the poisoning stage, the conversion drops only marginally to ca. 47 %. In the last 8 h of the

95



poisoning stage, the conversion drops to ca. 37 %. In the post-poisoning stage, the EDTA-
modified catalyst shows a progressive drop in the conversion and reaches value of ca. 31 %.

In the case of the NTA-modified catalyst, in the first 8 h of the poisoning stage, the
conversion drops from ca. 23 % to ca. 20 %. In the next 8 h of the poisoning stage, the
conversion marginally drops to ca. 19 %. In the last 8 h of the poisoning stage, the conversion
further drops to ca. 17 %. In the post-poisoning stage, the conversion shows signs of reaching a

steady value of ca. 13 %.
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Figure 8.7 CO conversion data for Co/EDTA/SiO, and Co/NTA/SiO, catalyst in presence of
10 ppm sulfur
(Experimental conditions: T =230 °C; P = 20 bar; GHSV = 13,500 sccm/h/gcat)

The behaviors of the NTA- and EDTA-modified catalyst are also compared in the
presence and absence of sulfur in Figure 8.8. It must be noted that the runs in the absence of
sulfur for both the catalysts were performed at a space velocity of 9000 sccm/h/gat, Whereas a
space velocity of 13,500 sccm/h/g..: was used for the sulfur poisoning runs. This was due to the
use of an additional MFC for separate gas cylinders during the poisoning study. The change in
the space velocity accounts for the difference in the conversion during the first 24 h between
Figure 8.8(a) and (b), and between Figure 8.8(c) and (d). The comparison is shown merely to

understand the conversion trend for these catalysts in the absence of sulfur.
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In the case of Co/EDTA/SIO,, the average conversion drops from ca. 51 % in the pre-
poisoning stage to ca. 46 % in the poisoning stage. The conversion shows a further drop and
reached to ca. 31 % in the post-poisoning stage. The Co/NTA/SiO, catalyst, on the other hand,
shows ca. 23 % conversion during the poisoning stage with a drop of 3 % from the pre-

poisoning stage. The conversion further drops to ca. 13 % in the post-poisoning stage.
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Figure 8.8 CO conversions data for CA-modified catalyst: (a) Co/EDTA/SiO; at GHSV = 9000
sccm/h/geat and no S, (b) Co/EDTA/SIO; at GHSV = 13,500 sccm/h/gca: with 10 ppmv S
equivalent, (c) Co/NTA/SiO, at GHSV = 9000 sccm/h/get and no S, and (d) Co/NTA/SiO; at
GHSV = 13,500 sccm/h/gca: with 10 ppmv S equivalent
(Experimental conditions: T =230 °C; P = 20 bar)

8.6.3 Reaction Rates, TOF and Percent Site Lost due to Poisoning

The average reaction rates calculated for the pre-poisoning, poisoning and post-
poisoning stages are compared in Table 8.2. In addition, the values TOF for all the catalysts are
listed for pre-poisoning stage in Table 8.2. For the poisoning and the post-poisoning stage, the
percent sites lost due to sulfur are calculated relative to TOF values in the pre-poisoning stage

on percent basis.
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Table 8.2 Reaction rates, TOF and percent sites lost by poisoning of cobalt catalysts

Reaction Rate (mol/h/gcat) TOF (s7) % Sites lost by poisoning
0-24 h | 24-48h | 48-72h | 0-24 h | 24-48 h | 48-72 h 24-48 h 48-72 h

Co/SiOy; normal run 0.039 0.035 0.033 | 0.0106 | 0.0102 | 0.0099 3.6 6.5
Co/Si0O;; n-octane run 0.035 0.033 0.033 | 0.0102 | 0.0098 | 0.0097 3.7 4.6
Co/SiOy; 10 ppm S 0.037 0.028 0.009 | 0.0110 | 0.0083 | 0.0025 24.2 77.1
Co/SiO5; 50 ppm S 0.033 0.026 0.002 | 0.0098 | 0.0078 | 0.0005 20.5 95.1
Co/EDTA/SiO,; 10 ppm S | 0.098 0.087 0.059 | 0.0130 | 0.0116 | 0.0078 10.6 39.5
Co/NTA/SiO,; 10 ppm S | 0.043 0.036 0.025 | 0.0059 | 0.0049 | 0.0034 16.1 41.2
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For the “normal” run, the reaction rate drops by 15.4 % during 72 h TOS. In the case of
the n-octane run, the reaction rate drops only by 5.7 % during 72 h TOS. In the presence of 10
ppm sulfur, due to the poisoning effect, the rate drops by 24.3 % in the poisoning stage and
further drops by 75.7 % (relative to the initial rate) in the post-poisoning stage. The rate drop is
even more significant in the presence of 50 ppm sulfur. The rate drops by 21.2 % in the
poisoning stage and drops further by as high as 93.9 % (relative to the initial rate) in the post-
poisoning stage, indicating the extent of poisoning. For the EDTA-modified catalyst, the extents
of rate drop are relatively smaller; 11.2 % in the poisoning stage and 39.8 % in the post-
poisoning stage (relative to the initial rate). In the case of the NTA-modified catalyst, the rate
drops by 16.3 % in the poisoning stage and drops further by 41.9 % (relative to the initial rate)
in the post-poisoning stage. It is evident that the post-poisoning reaction rates of the CA-
modified catalysts are higher than that of the base catalyst.

In the poisoning stage for the base catalyst, the 10 ppm sulfur results in 24.2 % drop in
TOF values, whereas the 50 ppm results in 20.5 % drop in TOF. Further, in the post-poisoning
stage, 95.1 % drop in TOF values suggest most of the active sites are poisoned due to sulfur. In
case of the CA-modified catalyst, 10 ppm sulfur results in ca. 40 % drop in the TOF values.
8.6.4 Discussion

For both 10 and 50 ppm sulfur in the feed, the Co/SiO, catalyst shows irreversible
poisoning and a significant drop in the CO conversions. This suggests that the sulfur poisoning
decreases the adsorption of reactants on the active sites of the catalyst, as evident by drop in
TOF. In the post-poisoning stages, the catalyst does not recover from its lost activity during
poisoning. Therefore, the organic sulfur adsorbs irreversibly on the catalyst and causes
permanent loss in the number of active sites and in the activity of cobalt catalyst. However, the
observed trend of permanent loss in activity may be opposite to other studies. For example, the

1.7 show a slight positive step increase in the catalyst

sulfur poisoning studies by Borg et a
activity after removal of sulfur from the inlet. The work of Pansare and Allison® suggests that
50 ppb of sulfur may be the limiting concentration in syngas, with sulfur starting to have a

having detrimental effect above this value.
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Sulfur molecules are known to adsorb strongly on the active metal sites with

stoichiometry values (ratio of S to metal) from 0.5 to as high as 3108

. Therefore, even small
levels of sulfur can markedly affect the catalyst performance. The performances of the CA-
modified catalysts during the poisoning and post-poisoning stages are clearly superior to that of
the base-case cobalt catalyst (within TOS, 72 h), even in the absence of sulfur. The physical
characterizations of the fresh CA-modified catalysts show the existence of a well-dispersed
cobalt phase and a larger number of catalytic sites, relative to the base case. The interaction of
sulfur with catalytic sites results in a loss of activity for those specific sites. However, due to the
availability of a larger number of catalytic sites, the CO-hydrogenation reactions can still
proceed on the un-poisoned sites. Therefore, a well-dispersed phase may be the reason for the
higher activity of CA-modified catalysts.

The evaluation of product selectivities, presented below, is expected to provide further

insights into the sulfur susceptibilities of cobalt catalyst.

8.7 Effect of Sulfur Poisoning on Product Selectivities
8.7.1 Hydrocarbon Selectivity of the Base Catalyst

During the FT process, products containing C; to Cs hydrocarbons appear in the gaseous
form, and those above Cs hydrocarbon are condensed. The overall hydrocarbon selectivities for
base case catalysts are listed in Table 8.3 in lumps Cy, C,-Cs, Cs. and C19-Cyo (FT diesel, a subset
of Csi). The results are compared based on the changes in the selectivity among the pre-

|II

poisoning, poisoning and post-poisoning stages. The results from the “normal” run and the n-

octane run are presented for the purpose of comparison. It must be remembered that there is

I"

no sulfur addition for the “normal” run and the n-octane run.
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Table 8.3 Overall HC selectivity of cobalt catalyst for different sulfur concentration

Co/Si0O2; normal run

Co/Si02; n-octane

Co/SiO2; 10 ppm S

Co/SiOz2; 50 ppm S

Selectivity % | 0-24h | 24-48h | 48-72h | 0-24h | 24-48h | 48-72h | 0-24h | 24-48h | 48-72h | 0-24h | 24-48h | 48-72h
C1 21.5 22.8 22.0 15.8 22.4 22.2 13.9 21.0 314 11.8 18.5 25.6
C2-Cs 12.6 14.5 14.0 8.3 12.7 14.2 11.8 12.3 13.7 11.1 8.0 41.0
Css 65.9 62.7 64.0 75.9 64.9 63.6 74.3 66.7 54.9 77.1 73.5 33.4
FT Diesel 47.5 42.5 44.5 54.5 41.2 37.7 59.4 46.1 34.1 53.3 52.9 0.0
C10-Cz20
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For the “normal” run, in the first 24 h TOS, the catalyst shows selectivity of 21.5 %
towards C;, 12.6 % towards C,-Cs and 65.9 % towards Cs.. In the next 24 h, the selectivity
toward C; and C,-Cs slightly increases to 22.8 % and 14.5 %, respectively. On the other hand,
the Cs, selectivity drops to 62.7 %. In the last 24 h of TOS, the change in product selectivity is
insignificant. Furthermore, the selectivity towards the Cy9-Cyo fraction drops initially from 47.5
% to 42.5 %, and reaches 44.5 % towards the end. For the n-octane run, the selectivities of C;
and C,-Cs in the first 24 h are lower compared to the normal run. However, during the 24-48 h
interval, the selectivities of C;, C,-Cs and Cs, selectivities are 22.4 %, 12.7 % and 64.9 %,
respectively; which are comparable to the selectivities observed under the “normal” run in
the same period. Further, for the n-octane run during 48-72 h TOS, the C;, C,-Cs, and Cs.
selectivities do not show any significant changes from the 24-48 h interval.

For a run with the 10 ppm sulfur in the inlet, the selectivities of C; and C,-Cs in the
poisoning stage are higher compared to those in the pre-poisoning stage. The poisoning-stage
selectivity toward Cs, also drops from the pre-poisoning stage value. As mentioned earlier,
the sulfur injection is terminated before the start of post-poisoning stage. Therefore, during
the post-poisoning period, the FT catalyst should encounters only pure syngas. Interestingly,
in the post-poisoning, the C; and C,-Cs selectivities continue to increase. The increased
selectivity towards lower hydrocarbons also means a drop in the selectivity for Cs.
hydrocarbons. The selectivity for C19-C,o progressively drops from the pre-poisoning stage to
the post-poisoning stage.

For 50 ppm sulfur in the inlet, the trends in the selectivity change are mostly similar to
the case of 10 ppm sulfur. The C; selectivity increases from 11.8 % in the pre-poisoning stage
to 18.5 %, in the poisoning stage. On the other hand, the C,-Cs selectivity drops from 11.1 %
to 8.0 % in the poisoning stage. The Cs, selectivity also drops in the poisoning stage. The Cyo-
Cyo selectivity, however, drops only marginally in the poisoning stage. During the post-
poisoning stage, the C; selectivity further increases to 25.6 % and C,-Cs increases to 41 %. The
Cs. selectivity drops to an even lower value of 33.4 %. The Cy0-Cyo selectivity is severely

affected by the sulfur poisoning and completely disappears in the post-poisoning stage.
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In general, due to the presence of the sulfur impurities in the inlet, the catalyst
poisoning results in a shift in the product selectivities. In both the poisoning and the post-
poisoning stages, the product selectivities shift towards short-chain hydrocarbons; with an
equivalent drop in the Cs, selectivity. The C19-Cy0 selectivity also drops due to sulfur poisoning.
Therefore, the sulfur poisoning can be said to have caused undesired shifts in the product
selectivity. In addition, even after removal of the inlet sulfur in the post-poisoning stage, the
trend in product selectivity does not show signs of approaching the initial selectivity observed
during the pre-poisoning stage. Therefore, as the catalyst fails to recover from its lost
selectivity, the sulfur poisoning can be said to have resulted in the permanent loss in the
catalyst selectivity.

8.7.2 Hydrocarbon Selectivity of the CA-modified Catalysts

The hydrocarbon selectivities of the CA-modified catalysts in the presence of 10 ppm
sulfur are compared in Table 8.4. For the EDTA-modified catalyst, the C; selectivity in the
poisoning stage increases to 21.3 % from the 15.8 % in the pre-poisoning stage. Also, the C;-
Cs selectivity increases to 18.4 % in the poisoning stage. Further, the Cs. as well as Cy9-Cyo
selectivity drops during the poisoning stage. Similarly, for the case of the NTA-modified
catalyst, the selectivity towards C; and C,-Cs increases in the poisoning stage, whereas the
selectivity towards Cs. drops in the poisoning stage. The trend in the selectivity shifts for the
poisoning stage is nearly similar to the one observed for the base catalyst at 10 and 50 ppm
sulfur. In the post-poisoning stage, for the EDTA-modified catalyst, the C; and C;-Cs
selectivities drop to 20.7 % and 13.0 %, respectively. On the other hand, the Cs. selectivity
improves to 66.3 % in the post-poisoning stage. In the case of the NTA-modified catalyst, the
selectivities of Cy, C,-Cs, and Cs, are comparable in both the poisoning and the post-poisoning
stage. In addition, for both the CA-modified catalysts, the C19-Cy0 selectivities improve in the

post-poisoning stage from that of the poisoning stage.
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Table 8.4 HC Selectivity for the CA-modified catalysts in the presence of 10 ppm sulfur

Co/Si0; Co/EDTA/SiO; Co/NTA/SiO;
Selectivity % | 0-24h | 24-48h | 48-72h | 0-24h | 24-48h | 48-72h | 0-24h | 24-48h | 48-72h
C1 13.9 21.0 31.4 15.8 21.3 20.7 4.2 7.7 7.8
C2-Cs 11.8 12.3 13.7 13.2 18.4 13.0 3.8 5.2 4.8
Cs+ 74.3 66.7 54.9 71.0 60.2 66.3 92.0 87.1 87.4
FT Diesel 59.4 46.1 34.1 44.1 31.3 43.5 68.1 59.1 66.0
C10-C20
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It is noteworthy that the selectivity trend in the post-poisoning stage shown by the
CA-modified catalyst is opposite to the trend observed for the base-case catalyst. For CA-
modified catalysts, the selectivity towards higher hydrocarbon in the post-poisoning stage
either slightly improves or steadies near the poisoning values, opposite to the trend observed
for the base catalyst. It must be further noted that, even in the post-poisoning stage, the
selectivity towards higher hydrocarbons is still low compared to the one in the pre-poisoning
stage. It is therefore clear that, even for the CA-modified catalysts, similar to the base
catalyst, the sulfur poisoning results in a permanent drop in selectivity towards higher
hydrocarbon and an increase in the selectivity for lower hydrocarbons. In the context of
selectivity towards higher hydrocarbons, the post-poisoning performance of the CA-modified
catalysts is clearly superior in comparison to the base catalyst.

8.7.3 CO, Selectivity of the Base Catalyst

The CO; selectivity of the base catalyst in the presence of the sulfur impurities is
shown in Figure 8.9. For the “normal” run, the CO; selectivity in the first 24 h TOS is 13 %; it
drops to 12.2 % in the next 24 h and finally reaches 11.2 % in the last 24 h. Similarly for the n-
octane run, the CO; selectivity starts with 13.7 %, slightly higher than the normal run; it drops
to 13 % in the next 24 h and finally reaches 12.5 % in the last 24 h.

In the presence of 10 ppm sulfur, the CO, selectivity in the poisoning stage increases
t0 12.9 % from that of 11.2 % in the pre-poisoning stage. The CO; selectivity further increases
to 15.5 % in the post-poisoning stage. In the case of 50 ppm sulfur, the CO, selectivity
increases from 10.9 % in the pre-poisoning stage to 13.0 % in the poisoning stage. However,
the selectivity drops to 11.9 % in the post-poisoning stage, opposite to the trend observed in
earlier cases. The difference can be attributed to the error in GC measurement at very low CO

conversions in the post-poisoning stage for the 50 ppm case.
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Figure 8.9 CO, selectivity for the Co/SiO, catalyst with different inlet: (a) “normal” run with
syngas feed, (b) run with syngas and n-octane feed, (c) syngas with 10 ppmv S equivalent, and
(d) syngas with 50 ppmv S equivalent
(Experimental conditions: T, 230 °C; P, 20 bar and syngas SV, 13,500 sccm/h/gcat)

8.7.4 CO; Selectivity of the CA-modified Catalysts

The CO, selectivities of the CA-modified catalyst in the presence of the 10 ppm sulfur
impurity are compared in Figure 8.10. For the EDTA-modified catalyst, the pre-poisoning CO,
selectivity of 14.9 % increases to 16.1 % in the poisoning stage. The selectivity reaches 18.0 %
in the post-poisoning stage. In the case of the NTA-modified catalyst, similar to the EDTA-
modified catalyst, the selectivity starts at 9.6 %, increases to 10.3 % in the poisoning stage
and finally reaches 11.3 % in the post-poisoning stage.

In general, due to the presence of inlet sulfur, the CO, selectivity for the CA-modified
catalysts increases both in the poisoning and the post-poisoning stage. The observed shifts in
the in the CO; selectivity trends due to sulfur poisoning are similar for the base catalyst as

well as the CA-modified catalyst.
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Figure 8.10 CO, selectivity for the catalyst in the presence of 10 ppmv S equivalent: (a)
Co/SiO, catalyst, (b) Co/EDTA/SiO, catalyst, and (c) Co/NTA/SiO, catalyst
(Experimental conditions: T, 230 °C; P, 20 bar and syngas SV, 13,500 sccm/h/gcat)

8.7.5 Discussion

Madon and Shaw® have presented a detailed review of the sulfur effect on FT
catalyst. Low concentrations of H,S and CS, have been reported to have a promotional effect
on the FT catalysts. Such species are said to have a beneficial effect on the catalyst lifetime
and the selectivity towards hydrocarbons. For example, Anderson et al.”t report higher wax
and lower gasoline contents in the products for the sulfur-poisoned catalyst than the
unpoisoned catalyst. For pre-poisoned Co/TiO, catalysts, Li and Coville’” have reported no
change in the activity and selectivity upto 200 ppm S, while 500 ppm S results in a significant
drop in activity. However, in the present investigations, within the impurity range studied, no
such beneficial effects are observed. In contrast, the sulfur impurity is found to have caused
an undesired effect as it results in the drop in CO conversion and shifts the product selectivity
towards short-chain hydrocarbons.

The adsorption phenomenon of the organic sulfur (e.g., C-S) and the inorganic sulfur
(e.g., H2S) may be significantly different and must be realized while drawing any parallel

63,64,71

conclusions. In some cases , H,S interactions with the FT catalyst have been proposed to
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form new catalytically active surface sites leading to the enhanced activity. However, the
present study, with organic sulfur, contradicts any favorable changes in the activity.

Sulfur impurities present in the syngas have been reported to block the catalytic sites
physically and possibly to cause the electronic modification of the neighboring sites®” % 1%,
Sulfur interaction with active metal to form new catalytic sites on the surface can also lead to
enhanced activity. Therefore, for the cobalt catalyst in this study, poisoning by the organic
sulfur in the form of butanethiol appears more like a physical blockage of sites than an
electronic modification.

It is also possible that the physical blocking of the catalytic sites by the sulfur can
further induce diffusion limitations to certain extent. Therefore, besides influencing the
catalytic activity, additional diffusion limitations caused due to sulfur poison can also alter the
product selectivity. In fact, it has also been reported'® that the sulfur atom adsorbed on
alumina-supported cobalt catalyst poisons more than two cobalt atoms. Therefore, it is
possible that a small concentration of sulfur can potentially cover a significant numbers of
sites on the surface of the catalyst, leading to diffusion limitations. Consequently, such
limitations on the transport processes could limit the readsoprtion probabilities of the
reaction intermediates and may eventually cause shifts in the product selectivities.

It is also evident from the shifts in the hydrocarbon selectivities that the sulfur
decreases the ability of the catalyst to form C-C bonds to produce longer-chain hydrocarbons.
Zhao-Tie et al.”” have reported that, due to sulfur poisoning in the form of COS for iron
catalyst, the fraction of C; and C,-C4 hydrocarbons in the product increases, while decreasing
the Cs, fraction. The work clearly suggests the shift in product distribution to favor lighter
hydrocarbons. In another study, Curtis et al.® have reported that sulfur inhibits CO
adsorption onto the surface of Co catalysts for all sulfur concentrations studied (100-200
ppm). This may be because of site blockage and/or inhibited reduction due to the sulfur
poison on the pre-sulfided catalysts. Likewise, in the present work of in-situ poisoning,
physical blockage by sulfur can be considered to have resulted in reduced CO adsorption on
the Co catalysts. It is also evident that, both the sites responsible for CO adsorptions as well as

the sites for chain growth processes are poisoned in the in-situ poisoning experiment.
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The CA-modified catalysts show relatively better performance compared to the base
catalyst in the poisoning and the post-poisoning stage. The higher activity of the CA-modified
catalysts can be attributed to the greater availability of the accessible catalyst sites. The
higher readsorption probability of the reaction intermediates on these highly dispersed
catalysts can lead to the formation of longer-chain hydrocarbons. The higher Cs, selectivities
of CA-modified catalysts in the post-poisoning stage also suggest that the sites responsible for
the polymerization of the adsorbed intermediate are still present in sufficient numbers even
after the sulfur poisoning.

The trends observed here for CO, selectivity are similar to those previously reported.
Visconti et al.®® have reported increased CO, selectivity for Co/Al,0s catalyst due to sulfur

poisoning. According to Zhao-Tie et al.”®

, WGS is enhanced for iron catalyst during initial
stages of COS poisoning. According to Madon and Shaw®, the sulfur poison may influence
consumption of CO via the WGS (Eq.3, Table 2.1) or the Boudouard reaction (Eq.7, Table 2.1),
leading to the formation of CO,. However, the direct poisoning effect of sulfur on to enhance
CO, selectivity is not entirely clear. Sulfur poisoning on the cobalt catalyst may be expected to
increase the number of sites responsible for WGSR and/or Boudouard reaction. At this point,
there is no concrete proof to support this argument.

In the present study, the interaction between sulfur and the FT metal is explained
based on the observed changes in the activity and the product selectivity. The real-time
observation of microstructural changes due to interaction between organic sulfur and cobalt

is challenging, but can be effective if used to gain a clear understanding of the observed

changes.

8.8 Effect of Sulfur Poisoning on the Product Yield and Distribution

After evaluating the poisoning effect on the activity and the selectivity, the product
yields of different catalysts are compared. The total product yield is calculated by adding the
rates of formation of paraffins, olefins and alcohols in the product on a gC/kgc/h basis. In
addition, the percent product distribution is calculated from the contribution of paraffin,

olefin and alcohol yields. The results are discussed in the following sections.
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8.8.1 Product Yield and Percent Product Distribution of the Base Catalyst

The product yields and the percent product distributions for the base catalyst are
compared in Table 8.5, for different levels of sulfur concentrations. For the “normal” run, in
the first 24 h of TOS, the product yield of base catalyst contains 242.4 gC of paraffin, 24.7 gC
of olefins and 9.9 gC of alcohols; the total product yield, therefore, is 277 gC. The total
product yield slightly drops to 274.8 gC in the next 24 h, and finally reaches 262.5 gC in the
last 24 h. Similarly, for the n-octane run, the total product yield initially is 279.2 gC, drops
marginally to 259.6 gC in the next 24 h, and finally drops to 248.6 gC in the last 24 h. As
expected, the paraffin yield, compared to olefins and alcohol yields, of cobalt catalysts is the
highest throughout the 72 h TOS.

In the presence of 10 ppm sulfur, during the poisoning stage, the paraffin yield drops
from 247.4 gC to 137.2 gC. The olefin yield is also suppressed due to poisoning. However,
alcohol vyield increases during the poisoning stage. The total product yield during the
poisoning stage is 179.9 gC, with a drop of 36.7 %. In the post-poisoning stage, the paraffin
yield is only 21.6 gC, suggesting the severity of the poisoning. Both the olefin yields and the
alcohol yield drop in the post-poisoning as well. The total product yield drops by another 79.9
% and is noted to be 36.1 gC. It is evident that even 10 ppm sulfur can greatly suppress the
product yields of cobalt catalyst due to severe poisoning.

For 50 ppm inlet sulfur, the total product yield drops from 269.7 gC in the pre-
poisoning stage to 191.5 gC in the poisoning stage. The paraffin yield and the olefin yield
drop, whereas the alcohol yield increases in the poisoning stage. Further, in the post-
poisoning stage, the total product yield is merely 0.2 gC dropping by 99.9 %. The extent of
drop in the product yield clearly suggests that the sulfur, even at such low concentrations, can

lead to extensive loss of the catalyst productivity.
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Table 8.5 Summary of the product yield and the product distribution of Co/SiO, catalyst under different sulfur concentrations
Co/SiO2; normal run | Co/SiO2; n-octane | Co/SiO2; 10 ppm S | Co/SiO2; 50 ppm S
0-24 | 24-48 | 48-72 | 0-24 | 24-48 | 48-72 | 0-24 | 24-48 | 48-72 | 0-24 | 24-48 | 48-72
h h h h h h h h h h h h
Product Yield (gC/Kgc.t/h)
Paraffin | 242.4 | 238.1 | 234.2 |249.7 | 225.2 | 217.2 | 247.4| 137.2 21.6 | 234.7 | 158.6 0.2
Olefin 24.7 26.8 22.1 20.2 27.4 25.0 27.8 23.5 8.4 23.0 18.1 0.0
Alcohol 9.9 9.9 8.1 9.2 7.0 6.4 8.8 19.2 6.1 12.0 14.8 0.0
Total 277.0 | 274.8 | 262.5 | 279.1 | 259.6 | 248.6 | 284.0 | 179.9 36.1 |269.7 | 191.5 0.2

% Product Distribution
Paraffin | 87.5 86.6 88.6 89.4 86.7 87.4 87.1 76.3 59.9 87.0 82.8 88.1

Olefin 8.9 9.8 8.4 7.3 10.6 10.0 9.8 13.1 233 8.5 9.5 11.9
Alcohol 3.6 3.6 3.0 3.3 2.7 2.6 3.1 10.7 16.8 4.4 7.7 0.0
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The percent product distribution provides a further interesting fact of the effect of
catalyst poisoning. In the first 24 h, the percent product distribution for the “normal” run
includes 87.5 %, paraffins, 8.9 % olefins and 3.6 %, alcohols. In the next 24 h, the paraffin
percent slightly drops and olefins percent in the product increases. In the last 24 h, the paraffin
percent increases slightly and olefin percent drops. However, the changes in the percent
product distribution are relatively insignificant and the percent product distribution is
considered to be comparable for 72 h TOS. Similar trends are observed for the case of the n-
octane run and smaller deviations in the percent product distribution can be neglected.

Interestingly, for 10 ppm inlet sulfur, the paraffin percent drops from 87.1 % in the pre-
poisoning stage to 76.3 % in the poisoning stage. The olefin percent, on the other hand,
increases from 9.8 % in the pre-poisoning stage to 13.1 % in the post-poisoning stage. Similarly,
the alcohol percent also increases from 3.1 % to 10.7 %. In the post-poisoning stage, the
paraffin percent further drops to 59.9 %, whereas the olefin and alcohol percent increase to
23.3 % and 16.8 %, respectively.

In the case of 50 ppm sulfur, in the poisoning stage, the paraffin percent drop and the
olefin and alcohol percent increase. The trends are consistent to the one observed for the 10
ppm case. In the post-poisoning stage, the catalyst productivity is insignificant.

Therefore, due to sulfur poisoning, it can be said that the paraffin percent in the product
decreases, and the olefin and the alcohol percent increases.

8.8.2 Product Yield and Percent Product Distribution of the CA-modified Catalysts

The product yield and the percent product distribution of the CA-modified catalysts, in
the presence of 10 ppm sulfur, are compared in Table 8.6. The total product yields of the NTA-
modified catalysts are larger than those of the base catalyst, in the poisoning as well as the

post-poisoning stage, and the total product yields of the EDTA-modified catalyst are larger still.
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Table 8.6 Product yield and percent product distribution of CA-modified catalysts in the presence of 10 ppm sulfur

Co/SiO2; 10 ppm S

Co/EDTA/SiO2; 10 ppm S

Co/NTA/SiO2; 10 ppm S

0-24 | 24-48 | 48-72 | 0-24 24-48 | 48-72 0-24 | 24-48 | 48-72
h h h h h h h h h
Product Yield (gC/Kg.at/h)
Paraffin | 247.4 | 137.2 21.6 735.7 567.8 379.9 365.7 255.6 195.4
Olefin 27.8 23.5 8.4 79.4 139.5 140.4 26.1 21.9 8.5
Alcohol 8.8 19.2 6.1 36.2 55.3 18.9 5.6 5.7 4.6
Total 284.0  179.9 36.1 851.3 762.6 413.2 397.4 283.2 208.5
% Product Distribution
Paraffin | 87.1 76.3 59.9 86.4 74.5 70.5 92.0 90.3 93.7
Olefin 9.8 13.1 23.3 9.3 18.3 26.0 6.6 7.7 4.1
Alcohol 3.1 10.7 16.8 4.3 7.2 3.5 14 2.0 2.2
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The EDTA-modified catalyst shows the highest paraffin yield in the pre-poisoning stage.
The value drops by ca. 22 % in the poisoning stage to 568 gC, with a further drop of ca. 48.4 %
(relative to initial yield) during the post-poisoning stage to 379.9 gC. The NTA-modified catalyst
follows the similar trend. During the poisoning stage, the paraffin yield drops by ca. 30 %, with
another drop of ca. 46.6 % in the post-poisoning stage. In general, the CA-modified catalysts
display better paraffin yields in the poisoning and the post-poisoning stage than that of the
base catalyst.

For the percent product distributions of the CA-modified catalysts, similar conclusions to
the case of the base catalysts can be drawn. For the EDTA-modified catalyst, the paraffin
percent in the product drops from 86.4 % in the pre-poisoning stage to 74.5 % during the
poisoning period and further drops to 70.5 % in the post-poisoning stage. The olefin percent
increase from 9.3 % in the pre-poisoning stage to 18.3 % in the poisoning stage and further
increases to 26.0 % in the post-poisoning stage. The alcohol percent, however, increases from
4.3 % in the pre-poisoning stage to 7.2 % in the poisoning stage, but drops to 3.5 % in the post-
poisoning stage.

For the NTA-modified catalyst, the paraffin percent drops to 90.3 % in the poisoning
stage from that of 92.0 % in the pre-poisoning stage, but increases to 93.7 % in the post-
poisoning stage. The olefin percent increase from 6.6 % in the pre-poisoning stage to 7.7 % in
the poisoning stage, then drops to 4.1 % in the post-poisoning stage. The alcohol contents
progressively increase from 1.4 % in the pre-poisoning stage to 2.0 % in the poisoning stage and
further to 2.2 % in the post-poisoning stage. The trend for the NTA-modified catalyst in the
post-poisoning stage is somewhat different from that of the other cases.

In general, the trends observed for the CA-modified catalysts in the presence of 10 ppm
sulfur are comparable to the trends observed for the base catalyst in the presence of 10 and 50
ppm sulfur. Therefore, the sulfur poisoning can be said to suppress the total product yield of
the FT catalysts and to increase the olefins and the alcohols in the products.

8.8.3 Discussion
Different active sites on the same catalyst may catalyze different reactions in various

ways. The sulfur compounds can preferentially adsorb on certain catalytic sites and can thus
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inhibit the reactions that normally occur on those sites. Therefore, the selective blocking of
sulfur can alter the product distribution of FT synthesis. It is generally believed that the olefin
appears in the FT products due to desorption of the reaction intermediates and incomplete
hydrogenation®'®. In general, FT catalysts are comprised of the sites responsible for the solely of
hydrogenation. The increase in the olefin content due to sulfur poisoning can be attributed to a
drop in the hydrogenation ability of the catalysts. Bartholomew et al.'*! have suggested that
sulfur blocking can effectively reduce the adsorption probability of H, and hence the products
may desorb before the hydrogenation step. Visconti et al.®® have also postulated that sulfur
adsorption can lead to the poisoning of the sites responsible for the CO adsorption and the
hydrogenation. Visconti et al. evaluated the hydrogenation capabilities of the pre-poisoned
cobalt catalyst in the propylene-to-propane hydrogenation reaction. They claimed that the
hydrogenation capability of the catalyst significantly decreases with increasing sulfur loading.
The changes observed in the product distribution for all the catalysts are consistent with this,
showing higher olefin content in the products during the poisoning and the post-poisoning
stage. However, other studies®® have suggested that the sulfur can form a surface cobalt sulfide
which is known to have hydrogenation ability. This would mean more paraffin in the products
and less olefins, contrary to the findings of this study.

Similar to the observation of increased olefin content due to sulfur poisoning, the
alcohol content also increases in the products due to the poisoning effect. However, the alcohol
contribution to overall FT products is less than 7 % in most cases. Therefore, it would not be
possible to comment on the change in alcohol distribution due to sulfur poisoning.

The trend presented here for the paraffin yield correlates well with the drop in CO
conversion discussed earlier. Further, it is confirmed that the sulfur poisoning not only reduces
the paraffin yield but also shifts the selectivity towards the lighter hydrocarbons. Overall, the
CA-modified catalysts show the better paraffin yield in the post-poisoning stage, compared to

the base-case catalyst.
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8.9 Kinetic Modeling of the Deactivation
The deactivation data are processed to determine the poisoning rate constant, k,, for
the base catalyst. The derivation of the kinetic expression is explained below.

For an isothermal differential reactor, the mass balance of CO can be written as,

0 X co =Ico (8.1)
CO™ dWeqt

Uoc

where, Cco is the concentration of CO [mol/m?], vgis the volumetric flow rate [m3/h], and

I'co is the rate of reaction of CO [mol/h/gcat]

The rate of deactivation of the cobalt catalyst by sulfur poison is proportional to the un-

poisoned fraction of active sites on the catalyst. This can be expressed as,

da
— =—kya 8.2
at ¢ (8.2)

where, t is the time under deactivation [h], k; is the poisoning rate constant [h] and a is the

activity function accounting for the deactivation due to sulfur expressed as,

a=_CO_ (8.3)

where rCOO is the rate of the reaction before the initiation of sulfur poisoning [mol/h/gcatl,
Therefore, on integration of eq. (8.2) we get,

a = exp(—kq (t —24)) (8.4)
As mentioned earlier, sulfur is introduced at the end of first 24 h. Therefore the term, (t —24),

in Eq. (8.4) represents onset of deactivation due to sulfur poisoning. The mass balance of CO,

during the poisoning process, has to be modified to include the activity,

voC O _ lco xa (8.5)

where, XCO is the conversion of CO given in terms of the inlet concentration CCO in -

From Eq. (7.5),

1-Xco

0.74 05
rco =27k Cco,in m

(8.6)
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Therefore using Eq.(8.6), Eq.(8.5) becomes,

dx 1-X
CO _ 90.74) Cco,in0'5 ((1+ gX((:-;C;)) % a (8.7)

Using the solution in Eq. (7.11), Eq (8.7) can be written as,

@+ 8)|n[\/(1+ eXco,out )+ \/_ ell- XCO,out)]

1—\/(1—)(Co,outx:l-”L“3>(CO,out)Jr J-c 1++—¢

20741 207411
- cal y g = Cg‘ts x exp(— kg (t- 24)) (8.8)

= 05 .
voCco,in voCco,in

On simplification,

In 1—\/(1—Xco,outler5XCO,out)Jr \/:I 1+v-¢

0.74
_ |n[—2 kwcgg J + (— ky (t- 24))
voCco,in

(1+ 5) n[\/(1+ EXCO,out)Jr \/_ ‘9(1_ XCO,out)]

(8.9)

From Eq. (8.9), k4 can be determined by plotting f(Xcg) vs. (t—24), as presented in
the following section.
8.9.1 Determination of Deactivation Constant and Half-life of Catalysts

The plots of f(X¢cg) vs. (t—24)for the base-case cobalt catalyst are shown in Figure
8.11 and Figure 8.12 for 10 and 50 ppm sulfur poisoning run, respectively. The data for EDTA-
and NTA-modified catalyst in presence of 10 ppm S is shown in Figure 8.13 and Figure 8.14,
respectively. Clearly, from Eq.(8.9) the slope of these graphs is the deactivation constant, k,,
for the catalyst under given sulfur impurity levels.

In addition, the half-life of the catalyst, t1/2, can be defined as:

—1In(0.5)

kg (8.10)

tyo =

The calculated values of the k, and t;;, are presented in Table 8.7 for the cobalt

catalysts under different sulfur levels. Also, the calculated values of the intercept in Eq.(8.9) are

compared with experimental values in Table 8.7.
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Figure 8.11 Plot of f(Xcg) vs. (t —24) for the 10 ppm sulfur poisoning run for Co/SiO, catalyst
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Figure 8.12 Plot of f(X¢(g) vs. (t—24) for the 50 ppm sulfur poisoning run for Co/SiO,
catalyst
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Figure 8.13 Plot of f(X¢g) vs. (t—24) for the 10 ppm sulfur poisoning run on Co/EDTA/SiO,
catalyst
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Figure 8.14 Plot of f(Xcg) vs. (t—24) for the 10 ppm sulfur poisoning run on Co/NTA/SiO,
catalyst
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Table 8.7 Deactivation constant, half-life and intercept of FT catalysts under sulfur poison

Intercept in Eq.(8.9)
0.74
k t 27 kW
Catalyst I In —Coat5
(h7) | (h) voCco,in
Experimental | Calculated

Co/SiO; 10 ppm S 0.045] 154 -1.84 -1.76
Co/Si02; 50 ppm S | 0.270 | 2.57 -1.93 -1.76
Co/EDTA/SiO2; 10 ppm S | 0.014 | 49.5 -1.07 -0.90
Co/NTA/SiO2; 10 ppm S | 0.013 | 53.3 -1.94 -1.58

The value of k; for 10 ppm sulfur run is 0.045 h™ and for 50 ppm run is 0.270 h™. As

expected, the value of the deactivation constant is higher for 50 ppm than 10 ppm sulfur in the
feed. The reported® values of the deactivation constant for similar cobalt catalyst in presence
of 0.6 ppm and 1.1 ppm sulfur are, 0.017 and 0.023 h™, respectively. In addition, for the CA-
modified catalysts with larger active sites, the values of deactivation constant are smaller.

The half-life of the base catalyst in the presence of 10 ppm sulfur is determined to be
15.4 h and in presence of 50 ppm sulfur is 2.57 h. Therefore, as mentioned earlier, the severity
of poisoning is higher in presence of 50 ppm sulfur. The half-life values of the CA-modified
catalysts are higher than that of the base catalyst. This is consistent with the higher conversion
noted for CA-modified than the base catalyst in the post-poisoning stage.

The experimental values of the intercepts are comparable to the calculated values of
the intercept, and can be said to confirm the validity of the derived kinetic expressions,

Eq.(7.13) and Eq.(8.9).

8.10 Summary

The presence of sulfur in the inlet syngas acts as a poison as it shows the detrimental
effect on the conversion and product selectivity of the cobalt catalyst. In fact, the cobalt
catalyst is observed to be sensitive even at the inlet sulfur concentration of 10 and 50 ppm. The
sulfur adsorption on the cobalt catalyst is confirmed to be irreversible.

The performances of the CA-modified catalysts during the poisoning and post-poisoning

stages are clearly superior to that of the base-case cobalt catalyst. A well-dispersed cobalt may
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be the reason for the higher activity of the CA-modified catalysts. Within the impurity range
studied, no beneficial effects of sulfur poisoning are observed. In contrast, the sulfur impurity is
found to have caused an undesired effect as it results in the drop in CO conversion and shifts
the product selectivity towards shorter-chain hydrocarbons. Additional diffusion limitations
caused due to sulfur poisoning is thought to alter the product selectivity. It is also evident from
the shifts in the selectivity that the sulfur decreases the ability of the catalyst to form C-C bonds
to produce longer-chain hydrocarbons. The selective blocking of sulfur is thought to affect the
hydrogenation ability on the catalyst, resulting in more olefins in the product after sulfur
poisoning. The sulfur poisoning on the cobalt catalyst is expected to cause an increase in the
number of sites responsible for WGS or to influence the Boudouard reaction, resulting in the
higher CO, selectivity.

The deactivation constant determined by the derived kinetic expression is in good
agreement with the reported values for similar catalysts. The value of the deactivation rate
constant is 0.045 h™ in the presence of 10 ppm sulfur and is 0.27 h™* for 50 ppm sulfur. The half-
life value for base catalyst is 15.4 h in the presence of 10 ppm sulfur and is 2.57 h in the
presence of 50 ppm sulfur. In addition, the higher half-life values confirm that the severity of
poisoning is more in the presence of 50 ppm sulfur than the 10 ppm sulfur. Furthermore, the
half-life values of the CA-modified catalysts are higher than that of the base catalyst. This is
consistent to higher conversion noted for CA-modified than the base catalyst in the post-
poisoning stage. The experimental and calculated values of the intercept confirm the validity of

derived kinetic expression.
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CHAPTER 9
POST-REACTION CHARACTERIZATION OF THE CATALYSTS

9.1 Introduction

The FT catalyst after 72 h TOS was recovered from the reactor for post-reaction
characterizations. The catalyst particles were physically separated from the quartz chips used as
a diluent. The spent catalysts were characterized by SEM, EDS, N,-physisorption and XPS. The
spent catalyst is expected to provide information about the structural changes on the catalysts
during the FTS. First, the characterization results of the spent catalyst, the performance of
which is discussed in Chapter 6, are discussed. As mentioned earlier, these catalysts were
evaluated using only syngas. In the next step, the characterization results of the spent catalysts

subjected to sulfur poisoning are discussed.

9.2 Characterization of the Spent Catalysts Subjected to Pure Syngas

The physical characterizations of the fresh catalysts, Co/SiO,, Co/EDTA/SiO, and
Co/NTA/SiO; are discussed in Section 4.3.2-4.3.4. In the following sections, the results from the
BET measurements and the XPS analysis of the spent catalysts are discussed.
9.2.1 BET Measurements

The measured pore size distribution, BET surface area and pore volume of the spent
catalysts are presented in Table 9.1. The analogous results for the fresh catalysts (before the
FTS run) can be found in Table 4.1. The isotherms for N, adsorption and the pore size
distribution for the base catalyst and the CA-modified catalysts are shown in Figure 9.1 and
Figure 9.2, respectively. From comparison of the fresh and spent catalysts, it is clear that there
is a drop of ca. 20 % in the surface area and the pore volume during FT synthesis for all the
catalysts. This drop can be attributed to the fact that the heavy products formed during FT may
partially block the pores of catalyst. In addition, the inspection of the isotherm for the spent
catalysts reveals an absence of any noticeable hysteresis. Therefore, it can be said that the
reaction intermediates could effectively access the majority of the active sites available on the

catalyst during FTS. In addition, all the catalysts display unchanged values for the pore diameter
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even after the 72 h under FTS conditions. Therefore, it can be said that the catalysts prepared in
this study did not undergo any structural collapse and retained their structural integrity during
the high-temperature and high-pressure FT operation.

Table 9.1 BET Results of spent catalysts

Spent Catalyst
Surface area | Pore volume | Pore diameter
(m*/g) (cm*/g) (nm)
Co/Si02 134 0.53 12.0
Co/NTA/SiO; 149 0.57 11.9
Co/EDTA/SiO> 135 0.54 12.6
400
ColSiO,
350 - — — —— Co/NTA/SiO2 /I
———————. Co/EDTA/SIO,
D 300 -
e
(8]
E’ 250 -
S 200 -
g
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Figure 9.1 Nitrogen adsorption (BET) isotherms for the spent cobalt catalysts
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Figure 9.2 Pore size distribution curves (PSD) for the spent cobalt catalysts

9.2.2 XPS Analysis

The spent catalysts recovered from the run were subjected to XPS analysis. The binding
energies of the Co 2p peaks are compared for all three catalysts in Figure 9.3. The binding
energies of Co", Co" and Co" satellite after peak decomposition are listed in Table 9.2. The
intensity ratios (lco/lsi) for the spent catalysts are also listed in Table 9.2. The XPS results with
fresh catalysts are presented in Table 4.4.

For a spent base catalyst, the lower intensity of the Co 2p results in very broad Co 2p
peaks, and hence the peak decomposition is difficult. The heavy products formed during FTS
can cover the surface of the catalyst and hence it is difficult to perform XPS over the spent
catalyst. Therefore, the binding energies of Co 2p3/2 and Co 2p1/2 are not tabulated in Table
9.2. The relatively lower intensities of the Co" satellite peak in the spent catalyst (see Figure 9.3)
as compared to fresh catalysts (see Table 4.4), suggest the possibility of the cobalt sites being
masked by FT products.

It is also clear that the intensity ratios, i.e. Ico/ls;, are lower for all spent catalysts than for
the fresh ones, further indicating masking of exposed catalytic sites. Interestingly, both the

spent CA-modified catalysts show higher intensity ratios, compared to the base catalyst. The
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higher intensity ratios of the fresh CA-modified catalysts relative to the base catalyst are also
confirmed previously. This indicates that there are larger numbers of accessible catalytic sites
available on the CA-modified catalysts than the base catalyst. These findings are well supported
by the higher syngas conversion observed at the end of 72 h for CA-modified catalysts (refer to

Figure 6.1).

Co/EDTA/SiO2

CO/NTA/SiO2

Co/SiOo

W

800 790 780

810 770
Binding Energy (eV)

Figure 9.3 Comparison between the Co 2p XPS spectra of Co3z04 for spent catalyst

Table 9.2 Binding energies of Co 2p3/2 and Co 2p1/2 for the Co304 phase of spent catalysts

Catalyst Binding Energy Co2p3/2 (eV) | Binding Energy Co2p1/2 (eV) | lc/lsi ratio
Co" Co" | Co"satellite | Co" Co" | Co"satellite

Co/SiO, - - - - - - 0.3

Co/NTA/SiO, | 780.7 | 782.3 787.1 7959 | 7974 801.5 0.8

Co/EDTA/SIO, | 780.6 | 782.9 787.9 795.8 | 797.8 801.9 0.7

9.3 Characterization of the Spent Catalysts Subjected to Sulfur Impurities

The spent catalysts were characterized by SEM and EDS analysis. The elemental
composition of the fresh and the spent Co/SiO, catalysts by EDS is presented in Figure 9.4. The
fresh catalyst (Figure 9.4a) shows peaks of Co, Si, O and C, as expected from the catalyst
composition. The appearance of the Ag peak is due to the use of the Ag- coating during the
sample preparation stage, as mentioned earlier. The EDS spectra of the spent cobalt catalyst

with the n-octane run (Figure 9.4b) show spectra similar to the fresh catalyst. The
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characterizations of the spent catalyst from the 10 ppm and 50 ppm sulfur poisoning runs are
shown in Figure 9.4c and Figure 9.4d, respectively. The appearance of the sulfur on the EDS
spectra confirms the sulfur uptake by the cobalt catalysts during the poisoning stage. Also note
that the intensity of the S peak for the 50 ppm sulfur poisoning run is higher than that for the
10 ppm sulfur poisoning run.

Similarly, the spent CA-modified catalysts were subjected to the EDS analysis, and the
results are presented in Figure 9.5. The spent EDTA- and NTA-modified catalysts both show the
uptake of sulfur introduced during the poisoning stage of the FT run. It must be stressed that all
the catalyst particles in the bed may not receive the same sulfur dosing during the poisoning
stage. Therefore, the intensity of sulfur may vary for particles; see especially Figure 9.5c and d.
The appearance of Al and Fe peaks in some spectra can be attributed to the traces present in

the silica support.
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Figure 9.4 EDS analysis of Co/SiO, catalyst (a) fresh sample, (b) spent catalyst with pure-n-octane run, (c) spent catalyst with 10 ppm
sulfur run and (d) spent catalyst with 50 ppm sulfur run
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Figure 9.5 EDS analysis of the spent CA-modified catalyst with 10 ppm sulfur in the feed (a), (b) different particles of Co/EDTA/SIO5;
(c), (d) different particles of spent Co/NTA/SiO,
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9.4 Summary

The surface area and pore volume of the spent catalysts are smaller than the
corresponding values for the fresh catalysts. The drop can be attributed to pore blocking by the
heavy products formed during the reaction. Also, the characterization confirms that most of the
active sites are available during FTS, and that the catalyst particles retain their structural
integrity. The lower intensities of the Co2p peaks, in case of the spent catalyst compared to the
fresh catalysts, suggest the possibility of catalytic sites being masked by FT products. The higher
intensity ratios for the spent CA-modified catalysts compared to the spent base-case catalyst
indicate the greater availability of accessible catalytic sites.

The characterization of the spent catalysts subjected to the sulfur impurity study
confirms sulfur uptake during the poisoning stage. However, it is not necessarily true that, the
intensity of the sulfur peak in the 50 ppm sulfur is higher compared to the one in 10 ppm sulfur

run, as different particles may not experience uniform sulfur exposure during the poisoning.
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CHAPTER 10
CONCLUSIONS AND FUTURE RECOMMENDATIONS

10.1 Conclusions

The study of the modification of the silica support by a chelating agent concluded the

following:

Slow temperature rise during the calcination assisted in minimizing the material
disintegration.

Calcination step completely decomposes the nitrate precursor and Cos04 is confirmed to
the dominant phase on calcined catalysts.

CA modification alters the particle size, reduction behavior and metal-support interaction of
the cobalt catalyst.

Physical characterization studies confirm the presence of smaller Co304 crystallites and the
higher dispersion for the CA-modified catalysts.

Both the CA-modified catalysts display higher CO conversions at 220 and 230 °C, compared
to the base catalyst.

Total hydrocarbon yield of the CA-modified catalysts is higher than that of the base catalyst
at both the temperatures.

The higher site density for the CA-modified catalyst causes a higher readsoprtion probability
of the reaction intermediates, leading to a higher vyield of the desired long-chain
hydrocarbons.

CA modification does not significantly change the hydrogenation rate of olefins.

Kinetic parameters and TOF are well within the reported values for similar cobalt catalysts.
Characterization of the spent catalyst confirms that all the catalysts retain their structural
integrity the after FT synthesis. Due to the deposition of FT products inside the pores, the
surface area and pore volume is decreased after the reaction.

Therefore, the structure-activity relationship established for the catalysts is well

supported by the findings from the physical characterization and the performance evaluation in

FTS.

130



In order to study the in-situ sulfur poisoning, an approach based on the use of a liquid

solvent and organic sulfur carrier was developed with the available setup. For the poisoning

study, n-octane and butanethiol were selected as the liquid solvent and the sulfur carrier,

respectively. A series of blank runs were performed to confirm the negligible activity of n-

octane. The quantification procedure was revised to estimate the actual n-octane in the FT

products.

The investigation of the effect of sulfur poisoning of cobalt catalysts reveals the

following observations:

The presence of sulfur in the inlet syngas has a detrimental effect on the conversion and
product selectivity of the cobalt catalyst. In fact, the cobalt catalyst is observed to be
sensitive even at the inlet sulfur concentration of 10 and 50 ppm. The sulfur adsorption on
the cobalt catalyst is confirmed to be irreversible.

Within the impurity range studied, no beneficial effects of sulfur poisoning are observed. In
contrast, the sulfur results in a drop in CO conversion and shifts the product selectivity
towards shorter-chain hydrocarbons. Additional diffusion limitations caused by sulfur
poisoning may alter the product selectivity.

It is also evident from the shifts in the selectivity that the sulfur decreases the ability of the
catalyst to form C-C bonds to produce longer-chain hydrocarbons.

The selective blocking of sites by sulfur affects the hydrogenation ability of the catalyst,
resulting in more olefins in the product after sulfur poisoning.

The sulfur poisoning on the cobalt catalyst may increase the number of sites responsible for
WGS or influence the Boudouard reaction, resulting in the higher CO; selectivity.

The product yield of the CA-modified catalysts is higher than that of the base catalyst in the
poisoning as well as the post-poisoning stage.

A well-dispersed phase is reasoned for the superior performance of CA-modified catalysts in
the post-poisoning stage.

The deactivation constant and the half-life values confirm that the severity of poisoning is

more in the presence of 50 ppm sulfur than the 10 ppm sulfur.
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The experimental and calculated values of the intercept in the derived kinetic expressions
are comparable. This is said to confirm the validity of the derived expression for the
deactivation process.

The EDS analysis of spent catalysts shows sulfur uptake on the surface of catalyst and
confirms the drop in the catalyst activity is due to the sulfur poisoning.

The EDTA-modified catalyst performed well compared to other two catalysts. Hence, the
EDTA-modified catalyst can be used to develop the sulfur-tolerant catalyst in the next phase

of the project.

10.2 Future Recommendation

The approach based on the use of solvent and the organic sulfur for impurity study worked
satisfactorily in the present study. Based on the similar approach, alkali and chloride
impurities can be injected into the unit to study the poisoning effect with these species.

The hydrogenation ability of the spent catalysts can be evaluated by propylene-to-propane
reactions studies. The current setup with Micromeritics 2950, at NETL, can be modified to
perform the hydrogenation reactions.

In addition, the bed temperature can be varied in the presence of different levels of sulfur
impurity. This can potentially assist in the development of a detailed model for the sulfur
poison.

The EDTA-modified catalyst shows superior performance among all the catalyst and can be
used to develop the sulfur tolerant catalyst in the future. Accordingly, the design of a sulfur-
tolerant catalyst (e.g., alkali promoted) can be based on the EDTA-modified catalyst

developed in this study.
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APPENDIX A: CALIBRATION OF MASS-FLOW CONTROLLERS (MFCs)

The BenchCat unit provides four mass flow controllers (MFCs) to feed various gases to
the process manifold. The unit uses Brooks 5850S mass flow controllers. During the calibration,
the gas flow is preset to a fixed value and then the system is allowed to reach a steady state. At
steady state, the outlet flow rate of gas is measured by a bubble flow meter. Similarly, gas flow
rate is measured at different set points and a calibration curve is obtained. In addition, the
ambient temperature and pressure is recorded at the time of measurement, to calculate the
flow rates at STP conditions. Assuming ideal gas laws, the calculations can be explained as

shown below.

Vgrp =V x(LJ(TSij (A1)
Pstp A T
where,
Vv = volumetric flow rate of gas measured by flow-meter (cc/min)
Vst = volumetric flow rate of gas at STP conditions (cc/min or sccm)
P = atmospheric pressure (psi)
Pstp = pressure at STP conditions (14.7 psi) (psi)
T = atmospheric temperature (K)
Tstp =temperature at STP conditions (273K) (K)

For example, a gas flow of 50 cc/min measured at 298 K and 14.3 psi, is equivalent to
44.6 cc/min (or sccm) at standard conditions of 273 K and 14.7 psi. The MFC calibration charts

showing flow rate in sccm with set point are shown in Figure A.1-Figure A.4.
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APPENDIX B: ONLINE GAS-CHROMATOGRAPHY UNIT
The product gases exiting the condensation stage of the BenchCat Unit are analyzed by
the online Perkin-Elmer GC (Calurus 500). The GC contains of a HaySep packed column with a
dual thermal-conductivity detector (TCD) and a capillary column with a flame-ionization

detector (FID). The operating conditions for the GC are given below.

TCD
Temperature 200 °C
Carrier Gas He, N,
Carrier Gas Supply Pressure 90 psi

FID
Temperature 250 °C
Carrier Gas He
Carrier Gas Supply Pressure 30 psi
Carrier Gas Flow 36 ml/min
H, flow 45 ml/min
Air flow 450 ml/min
Oven Temperature 60 °C
Sample Injection 30 min

GC Columns
18” RGAP, 1/8" Sf for hydrocarbon
17' RGA20, 1/8" Sf for hydrocarbon
7' RGAP 1/8" Sf for hydrocarbon
7" RGA, 1/8" Sf for hydrocarbon
7' HayeSep N 1/8" Sf for permanent gases

9' Molecular Sieve 13x 1/8" Sf  for permanent gases
9' Molecular Sieve, 1/8" Sf for permanent gases

4' HayeSep T, 1/8" Sf for permanent gases
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APPENDIX C: CALIBRATION OF ONLINE GC
C.1 TCD Calibration
The calibration charts for He, H,, CO,, Ar, CHs and CO are shown in Figure A.5-Figure
A.10. The slope from the calibration chart (i.e. GC area/mol) is used to calculate the relative
response factors (rRF) for each component relative to the internal standard. Accordingly, He is
assigned as an internal standard for the quantification of H, and CO,. On the other hand, Ar is
an internal standard for CH4 and CO. Therefore, the rRF for H, can be calculated from the slope

of H, and the slope of that internal standard He.

Ax
. Cx slopey
relative response factor of component X, (rRF)y = = (C.1)
Ate, Ar slopepe, ar
CHe,Ar
4.5E+5
y=175,284,803,162.0320x
R?=0.9966
4.0E+5 -+
‘
3.5E+5 1
3.0E+5 A TS
€ 25545 -
8
©
£ 20845 1 )
1.5E+5 o
1.0E+5 - 2
5.0E+4
0.0E+0 T T T T
0.0E+0 5.0E-7 1.0E-6 1.5E-6 2.0E-6 2.5E-6

moles of He

Figure A.5 GC calibration for He
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Figure A.10 GC calibration curve for CO

By definition, the rRF values of the internal standards are unity in Table A.1. In addition,
the rRF values of other TCD components are also listed Table A.1.

Table A.1 rRF of TCD components of online GC

Gas Slopes rRF
He 175,284,803,162 1.00
H, 273,414,653,768 1.56

CO; 427,726,936,462 2.44
Ar 347,972,166,508 1.00
N, 306,487,860,300 0.88

CH, 264,460,322,973 0.76
co 323,476,724,031 0.93

C.2 FID Calibration
The CH4 in the product stream is analyzed by both TCD and FID and can be used as a tie
component. Therefore, it is considered as an internal standard for hydrocarbon analysis from

FID. Therefore, equation C.1 for FID analysis becomes:
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relative response factor of component X, (rRF)y = Cx__ | __slopex (C.2)
AcHy | slopecy,
CcHy

The calculated rRF values for FID components are listed in Table A.2. By definition, the rRF for
CHg is unity.

Table A.2 rRF for FID components of online GC
Gas Slopes rRF
Cs. 4.18646E+12 10.20

CH, 4.10518E+11 1.00

C,Hs 7.81592E+11 1.90

C,H, 7.81592E+11 1.90

CsHg 1.15659E+12 2.82

CsHs 1.1643E+12 2.84

i-CaH1o 1.5231E+12 3.71

CsH, 1.05729E+12 2.58

n-C4H10 1.56E+12 3.81

1-C,4Hqg 1.36E+12 3.32

t-C4Hsg 1.57E+12 3.83

1, 3-C4Hs 1.539E+12 3.75
i- CsHqp 1.878E+12 4.57

n- CsHq, 1.01E+12 2.46

152



APPENDIX D : OFFLINE GAS-CHROMATOGRAPHY UNIT
The liquid products collected are analyzed by the offline GC (HP 3400). The GC used for
liquid analysis is located in the ERB lab of WVU. The organic phase of the liquid samples is
analyzed with a capillary column and FID(A), whereas the aqueous phase is analyzed by a
Propak-Q packed column and FID(B). The unit is equipped with an auto injector operated by an
air actuator. The operating conditions are listed in Table A.3.

Table A.3 Liquid GC Operating Conditions

Detector Type FID A FIDB
Analysis Oil phase hydrocarbon Aqueous phase alcohol
Column Jand W scientific DB 1 Restek packed column, TX-TA 80/100,
capillary column length: 6 ft, ID: 2.00 mm, OD: 1/8 in, SILCO
VAR 3400
Carrier gas N> N>,
Carrier gas inlet 6 82
pressure (psig)
Period of analysis 30 30
(min)
Initial column 50 50
Temperature (°C)
Final column 290 300
Temperature (°C)
Column initial hold 0 0
time (min)
Column temperature 5 10
rate (°C/min)
Initial injection 200 200
Temperature (°C)
Final injection 250 250
Temperature (°C)
Injection hold time 1 0
(min)
Injection temperature 10 10
rate (°C/min)
Detector temperature 300 300
(°C)
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APPENDIX E: CALIBRATION OF OFFLINE GC
E.1 Oil Phase Analysis
The retention times of paraffins were determined with the RESTEK D-2887 standard.
Carbon disulfide is used as the solvent for preparation of the oil sample. The olefins present in
the product are determined to elute before the paraffins with same carbon number. Also the
FID response for the hydrocarbons is assumed to be linear with respect to number of carbon

atoms in the molecule.

E.2 Aqueous Phase Analysis

For the aqueous phase analysis, the cyclohexanol is determined as an internal standard
and de-ionized water is used as a solvent. The retention times for alcohol are determined by
the reference standards (ACCUSTANDARD PS-111). For calibration purpose, each alcohol from
the reference standard is added to a known quantity of cyclohexanol and water. The weight
and FID area of each mixture of an alcohol from the reference standard, and cyclohexanol are
listed in Table A.4.

Table A.4 FID Areas of reference standards and cyclohexanol

Reference Standard Cyclohexanol
Alcohol Wter (H8) Aref Wtcyclohex (ug) Acyclohex
Methanol 383.7 | 84286 22.2 19451
Ethanol 225.6 82843 18.3 16693
1-Propanol 305.1 78959 19.5 16539
1-Butanol 3914 82482 18.1 18344
1-Pentanol 388.3 | 77869 18.8 19888

154



APPENDIX F: MATERIAL SAFETY DATA SHEETS (MSDSs)

F.1 Carbon Monoxide

Source: www.airgas.com

Material Safety Data Sheet Airgas

Carbon Monoxide

Section 1. Chemical product and company identification |

Product name
Supplier

Product use
Synonym

MSDS #

Date of
Preparation/Revision

lncase of emergency

: Carbon Monoxide
: AIRGAS INC., on behalf of its subsidiaries
259 North Radnor-Chester Road
Suite 100
Radnor, PA 18087-5283
1-610-687-5253

: Synthetic/Analytical chemistry.

: Carbon oxide (CO); CO; Exhaust Gas; Flue gas; Carbonic oxide; Carbon oxide;
Carbone; Carbonio; Kohlenmonoxid; Kohlenoxyd; Koolmonoxyde; NA 9202; Oxyde de
carbone; UN 1016; Wegla tlenek; Flue gasnide; Carbon monooxide

: 001014

1 9/2/2010.

: 1-886-734-3438

Section 2. Hazards

identification

Physical state

Emergency overview

Target organs

Routes of entry

Potential acute health effects

Eyes
Skin
Inhalation
Ingestion

Potential chronic health
effects

Medical conditions
aggravated by over-
exposure

: Gas.[COLORLESS GAS, MAY BE A LIQUID AT LOW TEMPERATURE OR HIGH
PRESSURE.]

1 WARNING!

FLAMMABLE GAS.

MAY CAUSE FLASH FIRE.

MAY BE FATAL IF INHALED.

MAY CAUSE TARGET ORGAN DAMAGE, BASED ON ANIMAL DATA.
CONTENTS UNDER PRESSURE.

Keep away from heat, sparks and flame. Do not puncture or incinerate container. Avoid
breathing gas. May cause target organ damage, based on animal data. Use only with
adequate ventilation. Keep container closed.

Contact with rapidly expanding gases can cause frostbite.

: May cause damage to the following organs: blood, lungs, cardiovascular system, central
nervous system (CNS).

: Inhalation

: Contact with rapidly expanding gas may cause burns or frostbite.
: Contact with rapidly expanding gas may cause burns or frostbite.
: Toxic by inhalation.

: Ingestion is not a normal route of exposure for gases

: CARCINOGENIC EFFECTS: Not available.
MUTAGENIC EFFECTS: Not available.
TERATOGENIC EFFECTS: Classified 1 by European Union.

: Pre-existing disorders involving any target organs mentioned in this MSDS as being at
risk may be aggravated by over-exposure to this product.

See toxicological information (section 11)

Build 1.1

Page: 1/7
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F.2 Hydrogen

Source: www.airgas.com

Material Safety Data Sheet Airgas

Hydrogen

Section 1. Chemical product and company identification |

Product name
Supplier

Product use
Synonym

MSDS #
Date of
Preparation/Revision

In case of emergency

: Hydrogen

: AIRGAS INC., on behalf of its subsidiaries
259 North Radner-Chester Road
Suite 100
Radnor, PA 19087-5283
1-610-687-5253

: Synthetic/Analytical chemistry.

: Dihydrogen; o-Hydrogen; p-Hydrogen; Molecular hydrogen; H2; UN 1049; UN 1966;
Liquid hydrogen (LH2 or LH2)

: 001026

: 4/26/2010.

1-866-734-3438

identification

Section 2. Hazards

Physical state : Gas or Liquid.

Emergency overview 1 WARNING!
GAS:

Routes of entry

CONTENTS UNDER PRESURE.

Extremely flammable

Do not puncture or incinerate container.

Can cause rapid suffocation.

May cause severe frostbite.

LIQUID:

Extremely flammable

Extremely cold liquid and gas under pressure.
Can cause rapid suffocation.

May cause severe frostbite.

Do not puncture or incinerate container.
Contact with rapidly expanding gases or liquids can cause frostbite.
Inhalation

Potential acute health effects

Eyes
Skin

Inhalation
Ingestion

Potential chronic health
effects

Medical conditions
aggravated by over-
exposure

: Contact with rapidly expanding gas may cause burns or frostbite. Contact with cryogenic
liguid can cause frostbite and cryogenic burns.

: Contact with rapidly expanding gas may cause burns or frostbite. Contact with cryogenic
liquid can cause frostbite and cryogenic burns.

: Acts as a simple asphyxiant.

: Ingestion is not a normal route of exposure for gases Contact with cryogenic liquid can
cause frostbite and cryogenic burns.

: CARCINOGENIC EFFECTS: Not available.
MUTAGENIC EFFECTS: Not available.
TERATOGENIC EFFECTS: Not available.

: Acute or chronic respiratory conditions may be aggravated by overexposure to this gas.

See toxicological information (section 11)

Build 1.1

Page: 1/6
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F.3 Butanethiol

Source: www.fishersci.com

AN oW . TN
WUA'RA

alvi
Vi .wmwuypy

Material Safety Data Sheet

Creation Date 23-Apr-2010 Revision Date 23-Apr-2010 Revision Humber 1

1. PRODUCT AND COMPANY IDENTIFICATION

Product Name 1-Butanethiol

Cat No. AC220620000; AC220620010; AC220620050; A C220620500;
AC220622500

Synonyms n-Butyl mercaptan

Recommended Use Labaratory chemicals

Company Entity ' Business Name Emergency Telephone Humber

Fisher Scientific Acras Organics For information in the US, call: 800-ACROS-01

One Reagent Lane One Reagent Lane Faorinformation in Europe, call: +32 14 57 52

Fair Lawwn, MJ 07410 Fair Lawwn, MJ 07410 11

Tel: (201) 796-7100
Emergency Mumber, Europe; +32 14 47 52 949
Emergency Mumber, US: 201-796-7100

CHEMTREC Phone Mumber, LIS 800-424-
9300

CHEMTREC Phone Mumber, Europe: 703-
527-3887

2. HAZARDS IDENTIFICATION

DANGER!
Emergency Overview
Flammable liguid and vapor. Harmful by inhalation and if swallowed. lrritating to eyes, respiratory system and skin.

lAppearance Colorless Physical State Liguid odor Garlic-like, Stench

Target Organs Eyes, Skin, Respiratory system
Potential Health Effects

Acute Effects

Page 1/8
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F.4 Cobalt Nitrate Hexahydrate
Source: www.fishersci.com

@ Fisher Scientific

Matenial Safety Data Sheet
Cobalt(I) nitrate hexahydrate

LISD S# 052580

Section 1 - Chemical Product and Company [dentification
MSDS ;
Mame: Cobalt(Il}) nitrate hexahvdrate

AC213090000, AC213090010, AC213090050, ACZ213091000, AC213095000, AC219210000
ATCZ19210000, AC215211000, ATC219215000, AC423580000, AC423580025, AC423580050
ATARE580050, AC423581000, AC423585000, C378-500

Synonyims MWitric acd, cobalt(2+) salt, hexahydrate, Cobaltous nitrate hexahydrate.

Catalog

MNumbers

Fisher Scientific
Compeany [dentification: One Reagent Lane

Fair Lawn, M 07410
Forinformation in the U3, call: 201-796-7100
Emergency Number U3: 201-796-7100
CHEMTEEC Phone Number, U3 800-424-5300

Section 2 - Composition, Information on Ingredients

Eisk Phrases:

CASE: 10026-22-9

Chemical Name: Cobalt(Il}) nitrate hexahydrate
a: =938

EINEC S#: unlisted

Hazard Symhbols:

Text for R-phrases: see Section 16
Hazard Svymbols: T O

22 36/37/38 40 42/45 8
Section 3 - Hazards Identification
EMERGENCY OVERVIEW

Danger! Strong oxdizer. Contact with other material may cause a fire. Harmful 1 f swallowed. Potential cancer hazard. b ay
cause allergic respiratory and skin reaction Causes eye, slin, and respiratory tract immitation. Target Organs: Heart, lungs,
respiratory system, red blood cells, reproductive system

Fisk Phrases:

Potentisl Health Effects
Eye: Causes eye irritation

Causes slan irritaton. May cause sldn sensitization, an allergic reacti on, which becomes evident upon re-
exposure to thns matenal. May be harmful 1f absorbed through the skin

Ingestion: Hamful if swallowed. May canse irritation of the digestive tract.

Skan

Inhalation: Causes respiratory tract irritation. May be harmful if inhaled. May cause respiratory sensitization.

ranie Repeated expomire may cause allergic respiratory reaction {asthma). Cobalt compounds may canse cancer
" based upon animal studies.

Section 4 - First A1d Measures
Flush eves with plenty of water for at least 15 minutes, occasionally lifting the upper and lower eyelids. Get
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F.5 Silica

Source:www.fishersci.com

1of3

http://fscimage fishersei.com/msds/09890 htm

Material Safety Data Sheet
Sand

ACC# 09820
Section 1 - Chemical Product and Company Identification

MSDS Name: Sand
Catalog Numbers: AC370940000, AC370940010, AC370940050, AC370941000, AC393300000,
AC393300010, AC393302500, S80156, 5801561, 593346, S23-3, 523-50, 525-10, 525-3, S25-500
Synonyms: Quartz; Silicon dioxide; Silicon dioxide; Quartz; Sea Sand.
Company Identification:
Fisher Scientific
1 Reagent Lane
Fair Lawn, NJ 07410
For information, call: 201-796-7100
Emergency Number: 201-796-7100
For CHEMTREC assistance, call: 800-424-9300
For International CHEMTREC assistance, call: 703-527-3887

| Section 2 - Composition, Information on Ingredients

| CAS# [ Chemical Name [ Percent | EINECS/ELINCS
| 14808-60-7 [sand | 100 [ 238-878-4

| Section 3 - Hazards Identification

EMERGENCY OVERVIEW

Appearance: light beige to gray powder.
Warning! Cancer hazard, May cause eye, skin, and respiratory tract irritation.
Target Organs: Respiratory system, eyes, skin.

Potential Health Effects

Eye: Dust may cause mechanical irritation.

Skin: Dust may cause mechanical irritation.

Ingestion: May cause irritation of the digestive tract.

Inhalation: Dust is irritating to the respiratory tract.

Chronic: May cause cancer in humans. Prolonged exposure to respirable crystalline quartz may cause
delayed lung injury/fibrosis (silicosis).

Section 4 - First Aid Measures

Eyes: Immediately flush eyes with plenty of water for at least 15 minutes, occasionally lifting the upper
and lower eyelids. If irritation develo ps, get medical aid,

Skin: Immediately flush skin with plenty of water for at least 15 minutes while removing contaminated
clothing and shoes. Get medical aid if irritation develops or persists.

12/13/2011 8:34 AM
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F.6 Nitrilotriacetic Acid (NTA)

Source: www.fishersci.com

@ Fisher Scientific

Matenial Safety Data Sheet
Nitrilotriacetic Acid MSDS# 00652

Section | - Cheruical Product and Company [dentification

MEDS Name: Mitrilotriacetic Acid

Catalog Numbers:

Synonyins Arninotriacetic Acid; N.HN-Bis (Carboxymethyl)Glydne, Triglycine, Triglycollamic Acid; Chel HTA
Fisher Saentfic UK

Compeany [dentification: Bishop Meadow Foad, Loughborough
Leics. LE11 SRG

Forinformation in Europe, call: (01505) 231166

Emergency Number, Europe: 015058 2321166

Zection 2 - Composition, Information on Ingredients

CASE 139-13-9
Chemical Mame: Mitriloacetic Acid
Yo: 100
EINEC 3#: 205-355-7
I
Risk Phrases: 20/21/22 40

Section 2 - Hazards Identification
EMERGENCY OVERVIEW

Warning ! May be harm ful if swallowed. May cause lidney damage. May cause eve and slan imritation. May cause
respiratory and digestive tract imitation. May cause cancer based on animal studies. Potential cancer hazard. Target Organs
Kidneys, bladder.

Potential Health Effects
Eye: Dust may cause mechanical irritation.
Skin: Dust may cause mechanical irntation

May canse gastrointestinal irritati on with nausea, vomiting and diarrhea May canse lndney damage. May be
harmful 1f swallovwed.

Inhalation: Dust 15 irmitating to the respiratory tract.

Ingestion:

Chronic.  Possible cancer hazard based on tests with laboratory animals. May cause lddney injury.
Section 4 - First A1d Measures
Flush eves wath plenty of water for at least 15 minutes, occasionally ifhing the upper and lower evelids. Get

Eges medical aid.

Shein: Getmedical mdifirntaton develops or persists. Wash dothing before reuse. Flush slan wath plenty of soap
and water.

Fngseiian: Do not induce vormiting. If victim 1= conscous and alert, give 2-4 cupfuls o fmilk or water. Never give

anything by mouth to an unconscious person. Getmedical aid

Remove from exposure and move to fresh airimmediately. [fnot breathing, give artific al respiration. If
Inhalation: breathing 15 difficult, mve oxygen. Get medical amd 1fcough or other symptoms appear. Do NOT use mouth-
to-mouth resuscitation.

Motes to
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F.7 Ethylenediaminetriacetic Acid (EDTA)

Source:www.sigma-aldrich.com

SIGMA-ALDRICH

sigma-aldrich.com

Material Safety Data Sheet
Version 4.3

Revision Date 01/13/2011

Print Date 12/13/2011

1. PRODUCT AND COMPANY IDENTIFICATION

Product name

Product Number
Brand
Product Use

Supplier

Telephone

Fax

Emergency Phone # (For
both supplier and
manufacturer)
Preparation Information

Ethylenediaminetetraacetic acid

E9884
Sigma-Aldrich

For laboratory research purposes.

Sigma-Aldrich
3050 Spruce Street

SAINT LOUIS MO 63103

USA

+1 800-325-5832
+1 800-325-5052
(314) 776-6555

Sigma-Aldrich Corporation
Product Safety - Americas Region

1-800-521-8956

Manufacturer

Sigma-Aldrich Corporation
3050 Spruce St.

St. Louis, Missouri 63103
USA

2. HAZARDS IDENTIFICATION
Emergency Overview

OSHA Hazards
Irritant

GHS Classification

Acute toxicity, Qral (Category 5)

Eye irritation (Category 2A)

Acute aguatic toxicity (Category 3)

GHS Label elements, including precautionary statements

Pictogram

Signal word

Hazard statement(s)
H303
H319
H402

Precautionary statement(s)
P264

pP273

P280

P305 + P351 + P338

pP312
P337 + P313
P501

HMIS Classification
Health hazard:
Flammability:

Sigma-Aldrich - E9884

b

Warning

May be harmful if swallowed.
Causes serious eye irritation.

Harmful to aquatic life.

Wash skin thoroughly after handling.
Avoid release to the environment.

Wear protective gloves/ eye protection/ face protection.
IF IN EYES: Rinse cautiously with water for several minutes. Remove contact lenses, if

present and easy to do. Continue rinsing.

Call a POISON CENTER or doctor/ physician if you feel unwell.
If eye irritation persists: Get medical advice/ attention.
Dispose of contents/ container to an approved waste disposal plant.

oN
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APPENDIX G: PROPERTIES OF SILICA SUPPORT
The properties of the SiO, support, as received from Saint-Gobain NORPRO, are

presented in Table A.5.

Table A.5 Physical properties of SiO, support as received
Silica SS61138

Size and Shape 1.5 mm Pellets
Diameter, mm 1.47
Length, mm 4.66
Surface Area, mz/gm 262
Total Pore Volume, cc/gm 0.99
Chemistry w% +
SiO; >99
CaO 0.06
MgO 0.02
Na,O 0.07
Al,03 0.04
TiO, 0.01
Fe,0s3 0.01
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APPENDIX H: SAMPLE GAS CHROMATOGRAPHS
Examples of TCD and FID chromatographs obtained for the online gas analysis are
shown in Figure A.11 and Figure A.12, respectively. In addition, examples of FID
chromatographs for an oil and an aqueous phase analysis are shown in Figure A.13 and Figure

A.14, respectively.
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Figure A.11 TCD chromatograph of base catalyst on online GC
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Figure A.12 FID chromatograph of base catalyst on online GC
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Title i Ashish Method- Oil Phase Analysis

Run File i+ C:\Documents and Settings\Avinash\Desktop\Ashish Lig GC\NETL 3 Jan 2011%4Bh O
Method File : c:\documents and settings‘\avinash\desktopl\ashishhashish oil phase.mth

Sample ID i Manual Sample

Injection Date: 1/6/2011 2:48 PM Calculation Date: 1/6/2011 3:37 FPM

Cperator : Catalysis Lab Detector Type: ADCE (1 Volt)

Workstation: Bus Address : 16

Instrument : Aqueous phase Sample Rate : 10,00 Hz

Channel i A =21 Run Time : 29,002 min

** Star Chromatography Workstation (Demo) Version 5.50 ** 05000-1A68-DA2-3BES **

Chart Speed = 0.72 em/min Attenuation = 521 Zero QOffset = 2%
Start Time = 0,000 min End Time = 29,002 min Min / Tick = 1.00
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Figure A.13 FID chromatograph of oil phase of base catalyst on offline GC
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Title H
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Method File : c:\docunents and settings\avinash\desktop\ashish\ashish aq phase.mth

Sample 1D : Manual Sample

Injection Date: S/21/3011 3:16 M Caleolation Date: H/ZL/20L1 3336 PN

(perator @ Catalysis Lab Detector Type: ADCH (1 Valt)
Wotkstat ion: Bus Address 1 14
Instrument : Aqueous phase Sawple Rate : 10.00 Hz
Channel :B=B R Time 3 29,002 min
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Figure A.14 FID chromatograph of aqueous phase of base catalyst on offline GC
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APPENDIX I: CALCULATION PROCEDURE
.1 Online Gas GC
The products from the reactor outlet are analyzed by the TCD and FID of the online GC.
The procedure to calculate the molar flow rate of products is outlined for each detector.
1.1.1 TCD Products
The TCD product includes He, H,, CO,, Ar, CHs and CO gases, where He and Ar are
internal standards. The internal standard is inert under the reaction conditions, and hence the
inlet and outlet molar flow rates remain constant. The molar flow rates of the Fyearin internal
standard are calculated from the total gas flow rates and the gas composition. Therefore, the
molar flow rate of component X, Fy, is determined by following expression,

mol (AX out) ('“0|]
F = ! - RF F I I'l
X,out( inj (”He,Ar,out) (r x)>< He,Arin| (1.1)

Ax and Apear are the measured TCD areas of component X and the corresponding
internal standard area Auear. The values of rRF for all the TCD components are listed in Table
Al
1.1.2 FID Products

The gaseous hydrocarbon products formed during the reaction are analyzed by the FID
on the online GC. In addition, CH4 is analyzed by TCD as well as FID. The molar flow rate of CH,
calculated from the TCD product analysis is used to calculate the molar flow rate of remaining
FID components. Therefore, the molar flow rate of component X, i.e. Fy, is determined by

following expression,

mol \ (AX,out) . m_0|
Fx,out(minj = (ACH4,out) = (rRFy )x FCH4’OU{minj (1.2)

The Ax and Acpg are the measured FID areas of the component X with corresponding CH,

area Acps. The corresponding rRFs for all the FCD components are listed in Table A.2.

1.2 Offline Liquid GC
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The liquid products collected from the run are separated into oil- and agueous-phase
products. The weight and the volume of each phase are noted before the GC analysis. The oil
and aqueous phases are analyzed by the two FIDs on the offline GC. The calculation procedures
for both product types are presented in the following section.

1.2.1 FID Hydrocarbons

The oil-phase product contains the paraffins, olefins and internal standard CS,. The FID
response of the hydrocarbons is assumed to be linear with respect to the carbon number.
Therefore, the GC areas of the hydrocarbons, excluding the area of internal standard, are
proportional to the amount of hydrocarbon present in the sample. The weight percentage of
component X, i.e. Xy, can be calculated by following expression,

Ax
ATotal — ACSZ

Ax and Acs; are the FID areas of component X and the internal standard CS,. Atotal refers

X% = (1.3)

to the total FID area.
1.2.2 FID Alcohols

The aqueous phase contains alcohols and an internal standard cyclohexanol. The sample
volume correction was performed with the internal standard. The peak area ratio of the
component to the internal standard, in both the standard and the sample, was used for the
volume correction. The amount of cylcohexanol present in the standard and the sample is
known. Therefore, the amount of an alcohol in the product can be determined by knowing the
corresponding peak area and the volume for alcohol in the reference standard. The corrected

area for the component X can be calculated by,

std sample )
sample (Acyclohex) (chclohex (1.4)

corr _
AXT = Ax sample ( std
uclohex / Weyclohex

The corrected areas, A’ , can now be used for determining the weight of component X in the

GC sample.

W
= AP x =X (.5)
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The areas and the weight for the standards and cyclohexanol are listed in Table A.4. Similarly,

the weight of remaining alcohols can be determined.
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APPENDIX J: CALCULATION OF LAG TIME

For the expander,
At t=0, (Po, To,Uo,Eq,Mo)

n-octane vapor (P,,T,u,V1)
A A AL

expander

Att, (P,T,u,E,m)

where,

P is pressure of the gas (Pa),

T is temperature (K),

u is specific internal energy of the gas (J/g)
V is volume of gas (m?)

E is total energy (J)

m is the mass of the gas (g)

Change in total energy can be given as,

%_'tf _ ‘Z_T (1.1)
h is enthalpy of the gas (J/g)
On integration,

E ~Ep =My (m-mp) (:2)
Using

H=U+PV (J.3)

mu = mgug + (Uy + PV (m—mp) (J.4)
Using,

PV =nRT (J.5)

U=Cy (T —Tre) (-6)

R is universal gas constant (J/g/K)
Cy is specific heat at constant volume (J/g/K)

Eq. (H.4) becomes,
mCy (T —Trer )= moCy (To — Trer )+ M{Cy (T1 — Tret )+ RTaj=mg Cy (T1 — Tret )+ RT1
(.7)

On simplifying,
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Using Ideal Gas Law

B Mo (CVTO -C pT1)+ mC pTl

T = e (1.8)
p= RV (molCyTo —CpTy )+ mC,Ty) (1.9)
( PVCV —M (CVTO -C pTl )j

m= (J.10)

CpT)
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Syringe Pump

For pump,
volumeof line = % D?L =0.30cm®

For n-octane,

molwt.=114-9_
mol

density = 0.84- 9
mol

flowrate = O.Olc—_C
min

0.30cm®

0015
min

timerequired, t, =

=30min

\ 4

For evaporator,

Evaporator

Volume expander

volumeof evaporator =~ D?L =38.5cm’

From Ideal Gas law,

flowrate = g =2.79cm?

time required, t, =

38.5cm?®

=13.8min

2.79-C
min
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Based on the derived expression (J.10),

(PVFSV —mg(CyTo -CpTy )j

" €pT)

=4.29¢

m =001-% x0849 —0.0084- 9
min CcC min

time required, t; = ﬂ __ 4290 510.7 min

0.0084-3
min

Therefore,

Total time required,t =t, +t, +t, =554.5min



APPENDIX K : EXPERIMENTAL DATA
K.1 Data for CA-modified Catalyst Runs

Co/SiO2 at 230C Co/NTA/SiO2 at 230 C Co/EDTA/SiO2 at 230C

Time 24-48 24-48 24-48
COin g C/day 34.64 34.64 34.64
CO out g C/day 25.64 23.56 11.54
Conversion 26.00 32.01 66.69
C5+ g C/day 0.4276 0.6808 0.9180
CH4 g C/day 0.8379 1.3321 2.7944
C2H6 g C/day 0.2041 0.3234 0.7860
C3H8 g C/day 0.1295 0.2062 0.7585
C3H6 g C/day 0.1519 0.2416 0.7432
i-C4H10 g C/day 0.0004 0.0006 0.0190
n-C4H10 g C/day 0.1099 0.1756 0.7210
1-C4H9 g C/day 0.0404 0.0643 0.5396
i-CAH8 g C/day 0.0000 0.0000 0.0000
t-C4H9 g C/day 0.0451 0.0720 0.0479
c-C4H9 g C/day 0.0383 0.0612 0.0611
i-C5H12 g C/day 0.0000 0.0000 0.0423
n-C5H12 g C/day 0.0939 0.1504 0.5081
COo2 0.8463 1.0526 2.7060

Paraffins
C6 g C/day 0.0244 0.1017 0.6357
Cc7 g C/day 0.0779 0.2698 1.1282
Cc8 g C/day 0.1495 0.4078 1.1017
Cc9 g C/day 0.2020 0.4462 0.9984
C10 g C/day 0.2171 0.4098 0.8032
C11 g C/day 0.2064 0.3514 0.6260
C12 g C/day 0.1878 0.2931 0.4754
C13 g C/day 0.1666 0.2386 0.3534
Ci14 g C/day 0.1485 0.1875 0.2497
C15 g C/day 0.1282 0.1496 0.1836
C16 g C/day 0.1060 0.1190 0.1184
C17 g C/day 0.0781 0.0902 0.0653
C18 g C/day 0.0506 0.0629 0.0323
C19 g C/day 0.0230 0.0402 0.0135
C20 g C/day 0.0006 0.0225 0.0039
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0.0074 0.0115 0.0023
0.0026 0.0052 0.0027
0.0024 0.0015 0.0038
0.0029 0.0025 0.0041
0.0028 0.0010 0.0021
0.0023 0.0006 0.0000
0.0015 0.0000 0.0000
0.0010 0.0000 0.0000
0.0006 0.0000 0.0000
0.0003 0.0000 0.0000
0.0006 0.0034 0.0020
0.0009 0.0066 0.0455
0.0013 0.0166 0.1598
0.0016 0.0249 0.1296
0.0019 0.0263 0.1094
0.0021 0.0205 0.0917
0.0034 0.0147 0.0580
0.0031 0.0115 0.0379
0.0028 0.0038 0.0092
0.0002 0.0061 0.0073
0.0000 0.0020 0.0048
0.0000 0.0006 0.0000
0.0000 0.0004 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.1037 0.1667 0.2525
0.1306 0.2788 0.2795
0.1134 0.2670 0.1683
0.0265 0.1017 0.1542
0.0124 0.0493 0.0352
0.0054 0.0175 0.0013
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
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Co/Si02 at 220C Co/NTA/SiO2 at 220 C Co/EDTA/SiO2 at 220C
I Il Il
Time 48 48 48
COin g C/day 34.64 34.64 34.64
CO out g C/day 28.11 27.77 20.06
Conversion | Xco% 18.86 19.84 20.06
C5+ g C/day 0.2761 0.4056 0.6947
CH4 g C/day 0.7375 1.0787 1.9551
C2H6 g C/day 0.1527 0.2241 0.3706
C3H8 g C/day 0.0864 0.1266 0.5224
C3H6 g C/day 0.1512 0.2211 0.4338
i-CAH10 g C/day 0.0000 0.0000 0.0124
n-C4H10 g C/day 0.1004 0.1468 0.5231
1-C4H9 g C/day 0.0771 0.1123 0.2932
i-CAH8 g C/day 0.0000 0.0000 0.0000
t-C4H9 g C/day 0.0197 0.0289 0.0397
c-C4H9 g C/day 0.0202 0.0295 0.0478
i-C5H12 g C/day 0.0000 0.0000 0.0000
n-C5H12 g C/day 0.0981 0.1434 0.4251
CO2 g C/day 0.8381 0.7132 1.3904
Paraffins
C6 g C/day 0.0918 0.1199 0.2586
C7 g C/day 0.1630 0.2128 0.4589
C8 g C/day 0.1592 0.0190 0.4482
(6°] g C/day 0.1322 0.1883 0.4062
C10 g C/day 0.1160 0.1515 0.3600
C11 g C/day 0.1022 0.1230 0.2700
C12 g C/day 0.0930 0.0897 0.2200
C13 g C/day 0.0511 0.0789 0.1438
Cl4 g C/day 0.0361 0.0471 0.1016
C15 g C/day 0.0265 0.0346 0.0920
Cl6 g C/day 0.0200 0.0270 0.0482
Cc17 g C/day 0.0094 0.0123 0.0265
C18 g C/day 0.0047 0.0061 0.0131
C19 g C/day 0.0019 0.0025 0.0055
C20 g C/day 0.0006 0.0007 0.0016
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0.0003 0.0004 0.0009
0.0004 0.0005 0.0011
0.0005 0.0007 0.0015
0.0006 0.0008 0.0017
0.0003 0.0004 0.0009
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0003 0.0004 0.0008
0.0066 0.0086 0.0185
0.0231 0.0301 0.0650
0.0187 0.0244 0.0527
0.0158 0.0206 0.0445
0.0132 0.0173 0.0373
0.0084 0.0109 0.0236
0.0055 0.0072 0.0154
0.0013 0.0017 0.0037
0.0010 0.0014 0.0029
0.0007 0.0009 0.0019
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0210 0.0560 0.1200
0.0261 0.0634 0.1503
0.0209 0.0507 0.1202
0.0180 0.0440 0.1000
0.0044 0.0106 0.0251
0.0002 0.0004 0.0010
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
0.0000 0.0000 0.0000
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K.2 Data for Sulfur Poisoning Runs

12th April 2011 Run

13th June 2011 Run

11th July 2011 Run

25th July 2011 Run

Co/Si02; normal run Co/Si02; pure n-octane Co/Si02; 50 ppm S Co/Si02; 10 ppm S
poiFs,tr)(:ing Poisoning po?::r:i-ng poiFs,tr)(:ing Poisoning po?s(:r:;ng poi:fn-ing Poisoning po?::r:i-ng

| 1l 1] | 1l 1] | 1] ] | 1l 1]

Time 24 48 72 24 48 72 24 48 72 24 48 72
COin g C/day 54.97 54.97 54.97 54.97 54.97 54.97 54.97 54.97 54.97 54.97 54.97 54.97
CO out g C/day 44.67 45.04 45.34 45.05 45.42 45.51 45.45 47.40 54.50 44.25 46.84 52.51

Conversion XCO0% 18.74 18.07 17.52 18.05 17.37 17.22 17.32 13.77 0.86 19.50 14.79 4.47
C5+ g C/day 0.4178 0.5735 0.4993 0.4497 0.6338 0.5570 0.3758 0.1438 0.0008 0.3340 0.2731 0.0736
CH4 g C/day 1.3811 1.4533 1.3580 1.0255 1.3609 1.2952 0.7356 0.7870 0.0017 0.9202 0.8136 0.2256
C2H6 g C/day 0.1692 0.2214 0.2401 0.1350 0.2124 0.2504 0.1042 0.0598 0.0003 0.1264 0.0693 0.0381
C3H8 g C/day 0.0964 0.1039 0.0836 0.0578 0.0756 0.0770 0.0681 0.0329 0.0001 0.0829 0.0594 0.0108
C3H6 g C/day 0.2279 0.2428 0.2442 0.1539 0.1943 0.2130 0.2166 0.1116 0.0004 0.2403 0.1541 0.0240
i-C4H10 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
n-C4H10 g C/day 0.1180 0.1218 0.1079 0.0849 0.1012 0.1011 0.0898 0.0268 0.0016 0.1084 0.0462 0.0111
1-C4H9 g C/day 0.1973 0.2375 0.1858 0.1069 0.1875 0.1888 0.2127 0.1109 0.0004 0.2268 0.1470 0.0145
i-C4H8 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
t-C4H9 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
c-C4H9 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
i-C5H12 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
n-C5H12 g C/day 0.1017 0.1195 0.0991 0.0725 0.0988 0.1121 0.0580 0.0150 0.0014 0.0114 0.0135 0.0085
Co2 g C/day 1.3370 1.2138 1.0734 1.3557 1.2432 1.1870 1.0365 0.9830 0.0562 1.1952 1.0490 0.3819
Paraffins

cé6 g C/day 0.0469 0.0450 0.0439 0.0655 0.0172 0.0154 0.0338 0.0157 0.0000 0.0299 0.0095 0.0009
c7 g C/day 0.0774 0.0682 0.0707 0.1048 0.0708 0.0634 0.1502 0.0646 0.0000 0.0680 0.0199 0.0012




cg* g C/day 0.1848 0.1630 0.1689 0.2774 0.3194 0.4917 0.3267 0.3668 0.0000 0.1898 0.2612 0.0113
) g C/day 0.3303 0.2914 0.3019 0.3972 0.2685 0.2401 0.4955 0.2450 0.0000 0.3290 0.1173 0.0093
C10 g C/day 0.4394 0.3876 0.4016 0.5051 0.3414 0.3054 0.5838 0.3115 0.0000 0.5536 0.2240 0.0157
Cl1 g C/day 0.4742 0.4184 0.4335 0.5342 0.3611 0.3229 0.5800 0.3295 0.0000 0.5737 0.2416 0.0229
C12 g C/day 0.4512 0.3980 0.4124 0.5045 0.3410 0.3050 0.5200 0.3111 0.0000 0.5303 0.2299 0.0192
C13 g C/day 0.4002 0.3531 0.3658 0.4495 0.3038 0.2717 0.4396 0.2772 0.0000 0.4639 0.2066 0.0159
Ci4 g C/day 0.3379 0.2980 0.3088 0.3723 0.2517 0.2251 0.3436 0.2296 0.0000 0.3830 0.1760 0.0139
C15 g C/day 0.2760 0.2435 0.2523 0.3127 0.2114 0.1891 0.2637 0.1929 0.0000 0.3210 0.1530 0.0107
Ci6 g C/day 0.1935 0.1707 0.1769 0.2400 0.1622 0.1451 0.1795 0.1480 0.0000 0.2447 0.1234 0.0122
C17 g C/day 0.1270 0.1120 0.1161 0.1699 0.1148 0.1027 0.1092 0.1048 0.0000 0.1695 0.0918 0.0092
C18 g C/day 0.0756 0.0667 0.0691 0.1088 0.0736 0.0658 0.0607 0.0671 0.0000 0.1081 0.0613 0.0045
C19 g C/day 0.0388 0.0342 0.0355 0.0637 0.0431 0.0385 0.0335 0.0393 0.0000 0.0679 0.0358 0.0030
C20 g C/day 0.0211 0.0186 0.0193 0.0344 0.0232 0.0208 0.0223 0.0212 0.0000 0.0504 0.0192 0.0000
C21 g C/day 0.0121 0.0107 0.0111 0.0176 0.0119 0.0106 0.0189 0.0108 0.0000 0.0498 0.0111 0.0000
C22 g C/day 0.0089 0.0078 0.0081 0.0071 0.0048 0.0043 0.0161 0.0044 0.0000 0.0499 0.0087 0.0000
C23 g C/day 0.0075 0.0066 0.0068 0.0028 0.0019 0.0017 0.0121 0.0017 0.0000 0.0525 0.0086 0.0000
C24 g C/day 0.0073 0.0065 0.0067 0.0000 0.0000 0.0000 0.0074 0.0000 0.0000 0.0527 0.0088 0.0000
C25 g C/day 0.0073 0.0064 0.0067 0.0000 0.0000 0.0000 0.0032 0.0000 0.0000 0.0387 0.0064 0.0000
C26 g C/day 0.0068 0.0060 0.0062 0.0000 0.0000 0.0000 0.0010 0.0000 0.0000 0.0189 0.0033 0.0000
C27 g C/day 0.0061 0.0054 0.0055 0.0000 0.0000 0.0000 0.0020 0.0000 0.0000 0.0068 0.0012 0.0000
C28 g C/day 0.0043 0.0038 0.0040 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0024 0.0000 0.0000
C29 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
C30 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
Cé g C/day 0.0010 0.0010 0.0009 0.0009 0.0011 0.0008 0.0010 0.0009 0.0000 0.0008 0.0011 0.0006
c7 g C/day 0.0014 0.0013 0.0010 0.0026 0.0032 0.0023 0.0012 0.0025 0.0000 0.0022 0.0199 0.0026
c8 g C/day 0.0022 0.0021 0.0013 0.0055 0.0067 0.0048 0.0038 0.0052 0.0000 0.0043 0.0125 0.0071
C9 g C/day 0.0084 0.0082 0.0051 0.0063 0.0077 0.0055 0.0101 0.0059 0.0000 0.0062 0.0603 0.0338
C10 g C/day 0.0172 0.0166 0.0103 0.0287 0.0351 0.0251 0.0159 0.0272 0.0000 0.0224 0.0150 0.0066
Cl1 g C/day 0.0225 0.0218 0.0135 0.0308 0.0378 0.0270 0.0186 0.0292 0.0000 0.0215 0.0189 0.0134
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C12 g C/day 0.0238 0.0231 0.0143 0.0316 0.0387 0.0277 0.0192 0.0300 0.0000 0.0224 0.0208 0.0152
C13 g C/day 0.0228 0.0221 0.0137 0.0292 0.0358 0.0256 0.0167 0.0277 0.0000 0.0238 0.0210 0.0157
Ci4 g C/day 0.0204 0.0198 0.0122 0.0158 0.0194 0.0139 0.0100 0.0150 0.0000 0.0227 0.0168 0.0121
C15 g C/day 0.0175 0.0170 0.0105 0.0219 0.0268 0.0192 0.0104 0.0207 0.0000 0.0213 0.0196 0.0116
Cl6 g C/day 0.0146 0.0142 0.0088 0.0189 0.0231 0.0165 0.0074 0.0179 0.0000 0.0206 0.0181 0.0142
C17 g C/day 0.0102 0.0099 0.0061 0.0148 0.0182 0.0130 0.0044 0.0140 0.0000 0.0153 0.0153 0.0126
C18 g C/day 0.0061 0.0059 0.0037 0.0101 0.0123 0.0088 0.0022 0.0095 0.0000 0.0095 0.0117 0.0100
C19 g C/day 0.0000 0.0000 0.0000 0.0054 0.0066 0.0047 0.0011 0.0051 0.0000 0.0051 0.0074 0.0015
C20 g C/day 0.0000 0.0000 0.0000 0.0024 0.0030 0.0021 0.0000 0.0023 0.0000 0.0026 0.0035 0.0028
C21 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0014 0.0028
C22 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
C1 g C/day 0.0695 0.0696 0.0567 0.0648 0.0495 0.0449 0.0619 0.1040 0.0000 0.0610 0.1157 0.0160
c2 g C/day 0.0708 0.0709 0.0577 0.0660 0.0504 0.0457 0.0473 0.1060 0.0000 0.0529 0.1222 0.0102
C3 g C/day 0.0649 0.0650 0.0529 0.0605 0.0462 0.0419 0.0872 0.0971 0.0000 0.0172 0.0596 0.0580
Ca g C/day 0.0220 0.0220 0.0179 0.0205 0.0157 0.0142 0.0494 0.0329 0.0000 0.0166 0.0419 0.0054
c5 g C/day 0.0102 0.0102 0.0083 0.0095 0.0073 0.0066 0.0177 0.0153 0.0000 0.0181 0.0309 0.0286
Cé g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0160 0.0000 0.0000 0.0177 0.0264 0.0076
c7 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0049 0.0000 0.0000 0.0119 0.0238 0.0076
c8 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0025 0.0000 0.0000 0.0081 0.0177 0.0044
C9 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0051 0.0121 0.0041
C10 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0030 0.0110 0.0037
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25th July 2011 Run

1st August 2011 Run

8th August 2011 Run

Co/Si02; 10 ppm S

Co/EDTA/SiO2; 10 ppm S

Co/NTA/SiO2; 10 ppm S

Pre- N F).OSt_. Pre- N post- Pre- N post-
poisoning Poisoning p0|sgon|n poisoning Poisoning poisoning poisoning Poisoning poisoning
I Il 11 I Il 11 I Il 11
Time 24 48 72 24 48 72 24 48 72
COin g C/day 54.97 54.97 54.97 54.97 54.97 54.97 54.97 54.97 54.97
CO out g C/day 44.25 46.84 52.51 26.86 29.85 37.96 42.58 44.57 47.68
Conversion 19.50 14.79 4.47 51.14 45.70 30.95 22.54 18.93 13.25
C5+ 0.3340 0.2731 0.0736 1.9345 1.9850 1.1178 0.5227 0.4027 0.1046
CH4 g C/day 0.9202 0.8136 0.2256 3.1023 3.6196 2.5904 0.4031 0.5140 0.3853
C2H6 g C/day 0.1264 0.0693 0.0381 0.6203 0.9163 0.4082 0.0554 0.0448 0.0515
C3H8 g C/day 0.0829 0.0594 0.0108 0.3728 0.3969 0.1935 0.0362 0.0276 0.0149
C3H6 g C/day 0.2403 0.1541 0.0240 0.5488 0.4581 0.2723 0.1104 0.0805 0.0330
i-C4H10 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
n-C4H10 g C/day 0.1084 0.0462 0.0111 0.5314 0.6396 0.4108 0.0470 0.0583 0.0405
1-C4H9 g C/day 0.2268 0.1470 0.0145 0.5246 0.7169 0.3492 0.1129 0.1402 0.0973
i-CAH8 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
t-C4H9 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
c-C4H9 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
i-C5H12 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
n-C5H12 g C/day 0.0114 0.0135 0.0085 0.6848 0.9963 0.5187 0.0291 0.0362 0.0251
CO2 1.1952 1.0490 0.3819 4.1256 4.0518 3.0700 1.1906 1.0748 0.8223
Paraffins
Ccé6 g C/day 0.0299 0.0095 0.0009 0.0781 0.0829 0.0291 0.0463 0.0280 0.0242
Cc7 g C/day 0.0680 0.0199 0.0012 0.3195 0.1944 0.1190 0.1903 0.1152 0.0997
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c8* g C/day 0.1898 0.2612 0.0113 0.7817 0.7287 0.2912 0.6921 0.8186 0.4043
C9 g C/day 0.3290 0.1173 0.0093 1.1060 0.6514 0.4121 0.7213 0.4366 0.3778
C10 g C/day 0.5536 0.2240 0.0157 1.3177 0.5542 0.4910 0.9173 0.5553 0.4805
Ci11 g C/day 0.5737 0.2416 0.0229 1.2934 0.5439 0.4819 0.9700 0.5872 0.5081
C12 g C/day 0.5303 0.2299 0.0192 1.1403 0.4796 0.4248 0.9160 0.5545 0.4799
C13 g C/day 0.4639 0.2066 0.0159 0.9582 0.4030 0.3570 0.8162 0.4941 0.4275
Ci4 g C/day 0.3830 0.1760 0.0139 0.7636 0.3211 0.2845 0.6761 0.4093 0.3542
C15 g C/day 0.3210 0.1530 0.0107 0.6378 0.2682 0.2376 0.5679 0.3438 0.2975
C16 g C/day 0.2447 0.1234 0.0122 0.5022 0.2112 0.1871 0.4358 0.2638 0.2283
C17 g C/day 0.1695 0.0918 0.0092 0.3782 0.1591 0.1409 0.3085 0.1868 0.1616
C18 g C/day 0.1081 0.0613 0.0045 0.2670 0.1123 0.0995 0.1976 0.1196 0.1035
C19 g C/day 0.0679 0.0358 0.0030 0.1713 0.0720 0.0638 0.1157 0.0700 0.0606
C20 g C/day 0.0504 0.0192 0.0000 0.1036 0.0436 0.0386 0.0625 0.0378 0.0327
C21 g C/day 0.0498 0.0111 0.0000 0.0747 0.0314 0.0278 0.0319 0.0193 0.0167
C22 g C/day 0.0499 0.0087 0.0000 0.0718 0.0302 0.0268 0.0129 0.0078 0.0068
C23 g C/day 0.0525 0.0086 0.0000 0.0790 0.0332 0.0294 0.0050 0.0031 0.0026
C24 g C/day 0.0527 0.0088 0.0000 0.1093 0.0460 0.0407 0.0000 0.0000 0.0000
C25 g C/day 0.0387 0.0064 0.0000 0.1231 0.0518 0.0459 0.0000 0.0000 0.0000
C26 g C/day 0.0189 0.0033 0.0000 0.0881 0.0371 0.0328 0.0000 0.0000 0.0000
C27 g C/day 0.0068 0.0012 0.0000 0.0360 0.0151 0.0134 0.0000 0.0000 0.0000
C28 g C/day 0.0024 0.0000 0.0000 0.0098 0.0041 0.0037 0.0000 0.0000 0.0000
C29 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
C30 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
C6 g C/day 0.0008 0.0011 0.0006 0.0018 0.0048 0.0060 0.0016 0.0012 0.0003
C7 g C/day 0.0022 0.0199 0.0026 0.0525 0.0233 0.0294 0.0047 0.0036 0.0009
C8 g C/day 0.0043 0.0125 0.0071 0.1111 0.0821 0.1039 0.0098 0.0074 0.0018
C9 g C/day 0.0062 0.0603 0.0338 0.1505 0.1586 0.2007 0.0112 0.0085 0.0021
C10 g C/day 0.0224 0.0150 0.0066 0.0500 0.2294 0.2903 0.0513 0.0387 0.0095
C11 g C/day 0.0215 0.0189 0.0134 0.0613 0.2623 0.3320 0.0551 0.0416 0.0102
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C12 g C/day 0.0224 0.0208 0.0152 0.0655 0.2635 0.3335 0.0565 0.0427 0.0105
C13 g C/day 0.0238 0.0210 0.0157 0.0641 0.2649 0.3353 0.0522 0.0394 0.0097
Ci14 g C/day 0.0227 0.0168 0.0121 0.0505 0.1957 0.2477 0.0283 0.0213 0.0052
C15 g C/day 0.0213 0.0196 0.0116 0.0541 0.1994 0.2523 0.0392 0.0296 0.0073
C16 g C/day 0.0206 0.0181 0.0142 0.0459 0.1611 0.2038 0.0337 0.0255 0.0063
C17 g C/day 0.0153 0.0153 0.0126 0.0341 0.1318 0.1668 0.0265 0.0200 0.0049
C18 g C/day 0.0095 0.0117 0.0100 0.0212 0.0927 0.1173 0.0180 0.0136 0.0033
C19 g C/day 0.0051 0.0074 0.0015 0.0114 0.0583 0.0738 0.0097 0.0073 0.0018
C20 g C/day 0.0026 0.0035 0.0028 0.0059 0.0281 0.0355 0.0044 0.0033 0.0008
C21 g C/day 0.0000 0.0014 0.0028 0.0527 0.0161 0.0204 0.0000 0.0000 0.0000
C22 g C/day 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
Cl g C/day 0.0610 0.1157 0.0160 0.1741 0.2658 0.0908 0.0395 0.0398 0.0320
C2 g C/day 0.0529 0.1222 0.0102 0.2307 0.3522 0.1204 0.0402 0.0406 0.0326
C3 g C/day 0.0172 0.0596 0.0580 0.0980 0.1496 0.0511 0.0369 0.0372 0.0299
Cc4 g C/day 0.0166 0.0419 0.0054 0.1502 0.2294 0.0784 0.0125 0.0126 0.0101
C5 g C/day 0.0181 0.0309 0.0286 0.0564 0.0861 0.0294 0.0058 0.0059 0.0047
C6 g C/day 0.0177 0.0264 0.0076 0.0143 0.0218 0.0075 0.0000 0.0000 0.0000
C7 g C/day 0.0119 0.0238 0.0076 0.0507 0.0774 0.0264 0.0000 0.0000 0.0000
C8 g C/day 0.0081 0.0177 0.0044 0.0359 0.0548 0.0187 0.0000 0.0000 0.0000
C9 g C/day 0.0051 0.0121 0.0041 0.0309 0.0472 0.0161 0.0000 0.0000 0.0000
C10 g C/day 0.0030 0.0110 0.0037 0.0274 0.0419 0.0143 0.0000 0.0000 0.0000
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