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Abstract 

Catalyst-coated tube reactors have been compared with the reactors packed with catalyst 

powder in alkyne semi-hydrogenation over a 5 wt.% Pd/ZnO catalyst and cinnamic ester full 

hydrogenation over a 2.4 wt.% Pd/C catalyst. The “powder packed-bed” reactors (packing with 

catalyst powder below 30 μm) showed irreproducible performance in time due to mobility of the 

catalyst layer in the bed which altered the fluidic path and therefore affected the mean liquid 

residence time and the dispersion. The catalyst-coated tube reactors demonstrated an ideal plug-

flow behaviour (Péclet number > 120), while the powder packed-bed showed a considerable 

back-mixing (Péclet ~ 25). Under all conditions studied, the reaction rate in the powder packed-

bed was limited by external mass transfer, while in the coated tube – by the intrinsic kinetics. The 

coated tubes demonstrated a much lower pressure drop, an improved alkene selectivity, and a 5 

times higher throughput compared to the powder packed-bed. The dilution of the catalyst bed 

with glass beads improved the throughput 4-fold at the expense of 4-fold increase in the pressure 

drop. In full hydrogenation reaction, the catalyst-coated tube showed a 14 times higher 



throughput than in the powder packed-bed at the full alkyne conversion. A reactor model for the 

catalyst-coated tube has been proposed that takes into account the change in the fluid velocity 

during the reaction. The model described the reaction kinetics demonstrating that the catalyst-

coated tubes can be used as a tool to obtain kinetic data in gas-liquid reactions in flow. 
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1. Introduction 

Chemical reactors determine product yield and impose limitations on process conditions, 

scalability, mass- and heat- transfer rates. Batch reactors are widely used in fine chemicals 

industry due to high product yield and versatility. Their versatility, however, is counterbalanced by 

drawbacks of inefficient use of the reactor volume – the batch-wise operation creates many 

repetitive non-productive operations such as loading or cleaning [1]. Importantly, the mass-

transfer rate does not scale-up proportionately to the reactor volume [2–6]. The batch reactors 

show significant non-uniformities in the liquid velocity during stirring and these non-uniformities 

(and associated mass-transfer problems) only magnify with the reactor scale [2,4,5]. 

Continuous flow reactors are increasingly adopted by the industry solving the batch inefficiencies, 

bringing just-in-time manufacture with low operational costs and improved process safety [1,7,8]. 

Not surprisingly, all the megaton-scale petrochemical processes are performed in continuous 

flow for gas-phase and well as gas-liquid heterogeneously-catalysed reactions. The knowledge 

for such reactor design was accumulating for decades and resulted in a clear understanding of 

the required dimensions of the catalyst pellets, reactor dimensions, flow rates of gas and liquid to 

maximise the reaction rates, product selectivity, and catalyst lifetime [9,10].  

There are, however, many applications where megaton throughput is undesirable – from catalyst 

screening and laboratory tests to manufacture of pharmaceuticals and fine chemicals. In these 

cases, micro-packed-bed reactors with sub-millimitre catalyst particles provide a larger external 

surface area and decrease inter-pore mass-transfer limitations. The gas-liquid hydrodynamics 

inside micro-packed-bed filled with the particles 50-500 μm started development relatively 

recently establishing stability of the start-up procedure [11], pressure drop and liquid hold-up [12], 

the criteria for radial mass transport and its effect on the reaction rates [13]. In the synthesis of 

fine chemicals and pharmaceuticals, however, the catalyst particles have to be smaller than 50 

μm because the vast majority of commercial catalysts are powders with the particle in the μm 

range. Such powdered catalysts, such as palladium on charcoal, is difficult to pelletise and 

pellets are expected to create internal mass-transfer limitations. Creating core-shell catalyst 



starting from a given commercial powdered catalyst is also a task of a formidable complexity that 

goes beyond the focus of the majority chemical manufacturers [14]. Therefore, powdered 

catalysts are often used in continuous flow hydrogenation [15–18]. Small catalyst dimensions, 

however, impose limitations on scalability, but increasing catalyst pellet size is undesirable due to 

pore diffusion limitations. 

Structured reactors show a particular promise in improving mass-transfer rates and allowing a 

more straightforward way for scale-up [19]. The reactors can be numbered up [20,21] or the 

number of repetitive structural units can be multiplied inside a single reactor. Therefore, it is 

possible to keep the fluid velocity inside the structural unit constant regardless of the 

manufacturing scale to ensure predictable behaviour independent of production scale [2,22].  

In this work, we aim to compare experimentally the simplest and commercially available packed-

bed with structured reactors in terms of mass transfer, residence time distribution, throughput, 

and selectivity in semi-hydrogenation and full hydrogenation reactions. The packed-bed reactor 

(referred to as a powder packed-bed thereafter) is a tube filled with a typical hydrogenation 

catalyst powder with the particle dimensions well below 30 μm; the structured reactor is a tube 

wall-coated with the same catalyst.  

The reactions selected were semi-hydrogenation of 2-methyl-3-butyn-2-ol (MBY) and full 

hydrogenation of ethyl cinnamate shown in Fig. 1. MBY hydrogenation was selected as an 

industrially important compound used in vitamin synthesis [23,24]. It is also a representative 

example for consecutive hydrogenation reactions, where the intermediate (2-methyl-3-buten-2-ol, 

MBE) is the desired product and full hydrogenation molecule (2-methyl-3-butan-2-ol, MBA) is the 

major by-product (Fig. 1A). Hydrogenation of ethyl cinnamate (Fig. 1B) is a full hydrogenation 

example of the compound representative of many fine chemicals with its diverse and bulky 

functional groups.  



 

Fig. 1. Schemes of the reactions studied: (A) semi-hydrogenation of 2-methyl-3-butyn-2-ol with 2-

methyl-3-buten-2-ol the target product and 2-methyl-3-butanol the main by-product; (B) ethyl 

cinnamate full hydrogenation. 

Alkyne semi-hydrogenation is performed in industry over the Lindlar (Pd doped with Pb 

supported on CaCO3 and quinoline) [23–25]. The poisons increase alkene selectivity but diminish 

the reaction rates; Pb from the catalyst can leach and contaminate of the products. Therefore, 

non-Pb catalysts are gaining popularity with catalysts modified with In, Sn, Bi, Cu, reported to 

increase alkene selectivity [26–30]. There are also methods to obtain Pd-based catalysts without 

the second metal applying instead various organic modifies such as thiols, phosphates and 

others [31–34]. For the first step of the study, we selected a Pd/ZnO catalyst because the 

catalyst shows high alkene selectivity [35–37], but does not suppress over-hydrogenation. 

Therefore, all the conclusions can be generalised to a gas-liquid A→B→C reaction. The full 

hydrogenation reaction was carried out over a 2.4 wt% Pd/C catalyst because the carbon-

supported catalysts are the most widely used in hydrogenation reactions. This reaction is 

representative for typical A→B hydrogenation reaction in fine chemicals industry. 

2. Experiment 

A 5 wt% Pd/ZnO catalyst (fraction size 1-30 μm, Supplementary SI1) and a tube reactor (316L 

stainless steel) coated with the same catalyst (coating thickness = 23±3 μm, catalyst loading 100 

mg in a 5m tube [36]); a 2.4 wt% Pd/C (fraction size 1-10 μm, Supplementary SI1) and a tube 

reactor coated with the same catalyst (coating thickness = 21±2.5 μm, catalyst loading 70 mg in 

a 5m tube [38]) were provided by Stoli Catalysts Ltd and used as received. Isopropanol (98 %), 

2-methyl-3-butyn-2-ol (98 %) and ethyl cinnamate (98 %) were purchased from Fischer Scientific. 



Previous studies showed excellent catalyst adhesion and achieved remarkable turn-over number 

(TON) numbers above 1,000,000 [39,40]. The Pd/ZnO catalysts were non-porous with only 

external area and the BET surface area of 0.5 m2 g-1 [36] while the Pd/C catalysts had the 

surface area of about 40 m2 g-1. 

Hydrogenation was performed in the bespoke automated continuous flow system described in 

references [36,41] operated using the OpenFlowChem platform [42,43]. Briefly, a set of mass-

flow controllers provided a hydrogen flow (99.9%, BOC) that was combined with a liquid flow 

from an HPLC pump in a T-mixer. All gas flow rates presented are referred to normal 

temperature and pressure. A molar ratio between hydrogen and the organic substrate was fixed 

at 1.05 in all experiments. The reactor, either catalyst-coated tube reactor (1.27 mm ID, 1.60 mm 

OD) or a packed-bed reactor filled with the catalyst powder (Omnifit column 6.6 mm ID, further 

details are in Supplementary SI1) was placed in a convection oven and heated to a desired 

temperature. Forced convection of air provided uniform temperature across the oven with the 

temperature deviations below 0.1 oC measured with a separate thermocouple. The flow entering 

the reactor flow exchanged heat with the outgoing flow and with the environment (via a heat 

sink). A back-pressure regulator was used to keep the desired pressure in the reactor. The liquid 

products were collected into vials for offline analysis with a Shimadzu GC-2010 gas 

chromatograph equipped with a flame ionisation detector (FID) and a Stabilwax column (10m x 

0.15mm x 0.15 μm). Product conversion (X) and selectivity (S) were calculated with the 

equations 1-2, where C and C0 are the determined and initial concentrations of the species. In all 

the cases, the mass balance was better than 99±2% confirming that all the major products were 

detected. 

𝑋 = 1 −
𝐶𝑠𝑢𝑏𝑠𝑡𝑟𝑎𝑡𝑒

𝐶𝑠𝑢𝑏𝑠𝑡𝑟𝑎𝑡𝑒
0 , (1) 

𝑆 =
𝐶𝑝𝑟𝑜𝑑𝑢𝑐𝑡

𝐶𝑠𝑢𝑏𝑠𝑡𝑟𝑎𝑡𝑒
0 −𝐶𝑠𝑢𝑏𝑠𝑡𝑟𝑎𝑡𝑒

. (2) 

Fig. 2 shows the setup used for the residence time distribution study. A tracer (0.2-1.0 μL of 0.5 

wt% fluorescein in water) was injected (3 mL min-1) with a syringe pump into the gas-liquid 



stream before the reactor. Concentration of the dye was determined from the fluorescence signal 

recorded at the reactor inlet and the outlet with a PointGrey camera at 45 frames per second 

connected to an Olympus SZX-16 microscope. The optical system of the microscope consisted 

of an X-cite 120 xenon light source, a blue irradiation light filter, and a yellow receiver light filter to 

detect primarily the fluorescence signal. The camera was calibrated using a series of standard 

solutions to show a relative error below 1 %.  

The residence time distribution study was carried out in a flow of isopropanol and H2 to avoid 

possible reactions with the organic dye. The difference in the fluid density and viscosity between 

the model and the actual reaction mixture was below 2 %. Hence, the data can be translated to 

the actual reaction conditions.  

 

Fig. 2. System for residence time distribution analysis in a gas-liquid flow based on fluorescent 

microscopy of the inlet and outlet streams. 

The concentration profiles of the fluorescent dye obtained at the inlet and the outlet of the reactor 

were analysed with a procedure described in Supplementary SI2. Briefly, a Fourier deconvolution 

procedure was performed for the inlet and outlet concentration profiles to account for non-ideal 

behaviour of the inlet pulse. Equation 3 shows a derivation of the residence time distribution 

function, where iFFT and FFT are inverse and forward fast Fourier transform operations, Cout and 

Cin are output and input concentration pulses. The pulses were smoothened and normalised prior 

to computations to reduce noise. 
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The kinetic modelling of the experimental data had been performed in MATLAB minimising the 

weighted errors between the experimental and model data by adjusting the variables – the 

parameters of the model [44].  

3. Results and discussion 

3.1. Effect of residence time distribution and mass transfer 

The presence of mass-transfer limitations was studied in the powder packed-bed and in the 

catalyst-coated tube reactors – both containing the same 5 wt% Pd/ZnO catalyst in the form of 

the powder or catalyst coating on the internal walls. The test was performed by changing the 

catalyst mass and substrate feed rates keeping the weight hourly space velocity (WHSV) 

constant. In this case, WHSV was calculated with equation 4: 

𝑊𝐻𝑆𝑉 =  
𝑄𝑚,𝑀𝐵𝑌

𝑚𝑐𝑎𝑡
,  (4) 

where Qm,MBY is the mass-flow rate of MBY flowing through the catalyst bed that contains mass of 

the catalyst mcat. This definition does not include the gas flow rate, but the gas flows selected in 

the studies were always proportional to the MBY flow rate rendering various reactors with the 

same WHSV comparable in the sense of having identical inlet flow rates.  

The comparison only in terms of WHSV, however, may be misleading. A higher pressure drop in 

the reactor compresses the hydrogen bubbles (higher contact time) and increases the reaction 

rate (proportional to hydrogen pressure). Moreover, a high MBY conversion in the reactor results 

in a substantial gas absorption and a higher contact time that, in turn, further increases 

conversion.  

A more accurate analysis was performed by calculating the apparent reaction rate constant (kapp) 

using equation 5, valid at present experimental conditions as described in the Supplementary 

SI5. 



𝑘𝑎𝑝𝑝 =
∆𝐶𝑀𝐵𝑌 𝑄𝐿

(𝑝𝑖𝑛𝑙𝑒𝑡/2  +𝑝𝑜𝑢𝑡𝑙𝑒𝑡/2) 𝑛𝑃𝑑
. (5) 

where ΔCMBY is the decrease in MBY concentration in the reactor, QL is the liquid flow rate, p is 

the pressure at the reactor inlet/outlet, and nPd is the amount of Pd inside the reactor in mol. This 

formula does not account for various flow behaviour in the reactors, but the values provide an 

overall comparison for the catalyst throughput in the reactors. 

Fig. 3A shows the behaviour of a powder packed-bed reactor at a fixed WHSV but changing 

catalyst mass. The MBE selectivity fell from 96% to 91% while the MBY conversion increased 

from 17 to 37% with a higher catalyst loading. The changing conversion indicates the presence of 

external mass-transfer limitations. MBY conversion also varied from sample to sample under the 

same conditions likely due to liquid channelling or variable catalyst wetting [45]. The apparent 

reaction rate takes into account the pressure drop in the reactor by using a known proportionality 

between pressure and the hydrogenation reaction rate [22,36,46,47]. The apparent rate constant 

(Fig. 3A) decreased with the catalyst loading. In general, the reaction rates should be constant if 

no external mass-transfer limitations are observed or increase in case of external mass-transfer 

limitations. The studied system, however, showed an inverse behaviour which indicates the effect 

of gas-liquid hydrodynamics on the flow rates. The experiments performed and at the outlet 

pressure of 5 bar and under the same liquid flow rates (but different catalyst masses) shows the 

same overall trends (in Supplementary SI2).  

  

Fig. 3. Effect of the catalyst loading on the pressure drop, MBY conversion, and MBE selectivity 

over a 5 wt% Pd/ZnO catalyst in (A) powder packed-bed, and (B) catalyst-coated tube reactors. 



Reaction conditions: 400 mM MBY solution in IPA, H2/MBY initial molar ratio 1.05, WHSV 0.9 

gMBY gcat
-1 min-1, temperature 50 oC, outlet pressure 1 bar. 

Fig. 3B shows the performance of the catalyst-coated tube reactor under the same conditions. 

The MBY conversion was notably higher, while the MBE selectivity was constant. The increasing 

catalyst mass in the tube reactor resulted in a higher MBY conversion. The apparent reaction 

rate, however, was stable confirming the absence of mass-transfer limitations. This is not 

surprising considering quick mass-transfer rates and micromixing observed in Taylor flow inside 

the mm-range tubes [48–50]. The apparent reaction rate was also a factor of 5 higher in the tube 

reactor compared to the powder packed-bed showing limited catalyst utilisation in the powder 

packed-bed likely due to external mass-transfer limitations. 

Compared to the powder packed-bed, the tube reactors (Fig. 3) also showed two notable 

features: (i) stable MBY conversion over time, and (ii) a substantially lower pressure drop. The 

consistent conversion demonstrates excellent control of hydrodynamics in the tube reactor. The 

difference in the pressure drop is particularly remarkable considering that the powder packed-bed 

reactor was 20 mm long, while the tube reactor was 4.5 m long. The difference in the pressure 

drop is not surprising because the pressure drop through a channel is inversely proportional to 

the opening diameter in the power of 4. In the powder packed-bed reactor, most of the flow 

channelled through the openings created by larger particles while smaller particles had no or little 

flow around them “eliminating” them from the reaction and explaining such a low apparent 

reaction rate. 

Fig. 4A shows representative residence time distribution profiles for both reactors. 

The powder packed-bed reactor demonstrated a broad and asymmetrical residence time 

distribution. The broadening was created by non-uniform liquid velocities [5]. The tube reactor 

showed, unsurprisingly, the narrowest distribution because the liquid slugs were separated by the 

slugs of gas reducing back-mixing in the Taylor flow. Some dispersion observed was caused by 



the liquid film around the gas slugs which resulted in the exchange of liquid between the liquid 

slugs [15,51–53].  

The powder packed-bed reactors diluted with the glass beads are widely used to increase the 

reactor performance [54,55]. Hence, we diluted the Pd/ZnO catalyst particles (1-10 μm) with 

glass beads (210-290 μm, Supplementary SI1) and studied in hydrogenation. Although Herk et 

al. [45] recommended diluting the catalyst particles with inert material of the same dimensions to 

avoid channelling, this approach is impractical for fine catalyst particles because it would result in 

a prohibitively high pressure drop. The residence time distribution obtained for the diluted powder 

packed-bed was narrower indicating lower liquid channelling compared to the reactor packed 

only with the catalyst powder.  

 

Fig. 4. (A) Representative residence time distribution obtained in a tube and packed-bed reactors 

filled with the Pd/ZnO powder (alone or diluted with glass beads). Isopropanol flow of 250 μL 

min-1, 2.3 mL min-1 H2. (B) Effect of the liquid flow rate on the Péclet number obtained in the tube 

and packed-bed reactors. Gas flow rate increased proportionally to the liquid flow at 9.4 

mLgas mLliq
-1 (solid lines) or 0.5 mLgas mLliq

-1 (dashed lines). 

The two reactors were also compared in terms of dimensionless axial dispersion expressed in 

the form of the Péclet number (Pe) calculated by solving equation 6 [56],  

𝜎2

𝑡𝑚
2 =

2

𝑃𝑒
−

2

𝑃𝑒2 (1 − 𝑒−𝑃𝑒), (6) 



where tm is the average residence time and σ is the dispersion of the residence time distribution 

obtained from the pulse experiments (Fig. 4). The Péclet number characterises the ratio of 

convective and diffusive mass-transfer rates. The values above 100 indicate a plug-flow 

behaviour of a reactor with excellent control over the residence time. Low Péclet number shows 

high dispersion that decreases the MBE selectivity because the highest MBE yield can be 

observed only at certain residence times over a Pd/ZnO catalyst [36,57,58].  

The tube reactor showed high Péclet numbers under a wide range of flow rates (Fig. 4B). Only at 

the liquid flow rate above 1 mL min-1, the dispersion became significant because a huge H2 

excess formed a slug-annular flow regime with a continuous liquid film along the tube reactor. 

The reactions in slug-annular flow have little relevance under the reaction conditions because H2 

consumption during the reaction results in the domination of the Taylor flow regime [27]. This 

Taylor flow behaviour was simulated by feeding comparable amounts of gas and liquid into the 

reactor making the tube behave as an ideal plug-flow reactor with the Péclet numbers above 125. 

On the contrary, the powder packed-bed reactor showed rather low Péclet numbers (Fig. 4B). At 

the liquid flow rates below 500 μL min-1, the reactors diluted with glass beads and filled only with 

the Pd/ZnO catalyst behaved similarly. The increasing flow rate, however, resulted in the 

decreasing Péclet number for the diluted reactor, while the undiluted reactor showed constant 

Péclet numbers – the values that are still short of the plug-flow behaviour. High dispersion 

observed in the diluted powder packed-bed reactor was expected considering large internal 

volume where liquid back-mixing can take place.  

Therefore, the reactors packed with a powdered catalyst showed considerable mass-transfer 

limitations in addition to high axial dispersion. Importantly, the reactors showed irreproducible 

behaviour caused by altering the fluidic path. The tube reactors wall-coated with the catalyst 

showed essentially a plug-flow behaviour with a narrow residence time distribution and no 

external mass-transfer limitations. 

3.2. Alkyne semi-hydrogenation 



Fig. 5A shows the effect of the liquid and gas flow rates on the performance of the powder 

packed-bed reactor in selective hydrogenation over a Pd/ZnO catalyst at an H2 to substrate 

molar ratio of 1.05. Increasing liquid flow rate resulted in a lower MBY conversion due to (i) 

higher amount of substrate and (ii) a shorter residence time [36].  

Fig. 5B and C show that pressure and temperature resulted in a higher MBY conversion but 

lower MBE selectivity. The conversion decreased at the temperature of 75 oC likely because of 

increasing vapour pressure of isopropanol and a corresponding decrease in the hydrogen vapour 

pressure. The MBE selectivity was in the range of 87-92% which is below the typical selectivity of 

95% observed over the Pd/ZnO catalysts at low MBY conversion [36,57,58].  

Wide confidence intervals in MBY conversion (Fig. 5) are another notable feature in the powder 

packed-bed hydrogenation. These intervals are obtained by collecting 5-7 consecutive liquid 

samples– the samples that already significantly averaged the reactor performance over 3-140 s 

to collect a sample depending on the liquid flow rate. Therefore, liquid channelling in the powder 

packed-bed reactors significantly limits selectivity and conversion rendering them to be unstable 

in time. 

 

Fig. 5. Effect of (A) flow rate, (B) temperature, and (C) pressure on MBY conversion, MBE 

selectivity, and pressure drop in a 6.6 mm reactor packed with 100 mg of a 5 wt% Pd/ZnO 

catalyst powder. Reaction conditions: 400 mM MBY solution in IPA, H2/MBY initial molar ratio 

1.05, ambient outlet pressure, (A) 50 oC; (B) 0.5 mL min-1 liquid flow or (C) 2 mL min-1 liquid flow. 



Fig. 6 shows the data for the powder packed-bed reactors studied at the back-pressure of 5 bar. 

A higher reaction pressure results in faster intrinsic reaction rates and more severe mass-transfer 

limitations evidenced by the virtual independence of MBY conversion on the reaction pressure 

and temperature. The powder packed-bed reactor diluted with glass beads (Fig. 6D) – a widely 

used practice in organic chemistry – shows a 1.5 – 4 higher compared to the undiluted packed-

bed under the same experimental conditions (Fig. 6A). The conversion reached a maximum of 

90% at WHSV 0.35 min-1. The selectivity monotonously increased with WHSV from 70% to 88% - 

a remarkably low value considering that it should have been at least 95% based on the data 

obtained in the gradientless batch reactors [57–62].  

 

  

Fig. 6. Effect of (A) flow rate, (B) temperature, and (C) pressure on MBY conversion, MBE 

selectivity, and pressure drop in a 6.6 mm reactor packed with 100 mg of a 5 wt% Pd/ZnO 

catalyst powder. Reaction conditions: 400 mM MBY solution in IPA, H2/MBY initial molar ratio 

1.05, (A) 50 oC, 5 bar; (B) 10 mL min-1 liquid flow, 5 bar; (C) 50 oC, 10 mL min-1 liquid flow. (D) 



The same experiment in the reactor filled with 100 mg of a 5 wt% Pd/ZnO catalyst powder diluted 

with 2 g glass beads. 

The diluted powder packed-bed reactor, compared to the undiluted reactor, showed a 

substantially higher pressure drop. The glass beads formed wide intra-particle voids and should 

create a negligible pressure drop on their own. A substantially higher pressure drop, therefore, 

was created by with the smaller catalyst particles blocking the gaps in between the glass beads. 

Hence, the diluted reactor creates a pressure drop substantially higher than the undiluted powder 

packed-bed reactor. 

The experiments were performed in the catalyst-coated tube reactor containing the same Pd/ZnO 

catalyst, Fig. 7. In these experiments, the catalyst loading was decreased 5-fold compared to the 

powder packed-bed to slow down the reaction. A much lower catalyst loading demonstrates a 

dramatically higher performance of the catalyst-coated tube reactors compared to the powder 

packed-bed (Fig. 3).Under such conditions, the void reactor volumes became comparable – 0.8 

mL for the powder packed-bed and 1.2 mL for the catalyst-coated tube.  

Increasing the liquid flow rates (Fig. 7A) resulted, as expected, in decreasing MBY conversion 

and increasing MBE selectivity. However, the conversion fell when the liquid flow rate decreased 

from 1.5 min-1 to 1.0 min-1 likely because a full H2 consumption was observed and the two-phase 

fluid velocity decreased resulting in insufficient mass transfer caused by the liquid recirculation 

inside the slugs. The conversion first increased and then decreased with temperature (Fig. 7B). A 

decrease in conversion at 75 oC was because the proximity to the solvent boiling point resulted in 

decreasing the H2 partial pressure in the reactor [46]. Higher pressure also had a predictable 

effect of increasing conversion up to 3 bar (Fig. 7C). A further increase in pressure resulted in the 

conversion decline likely because of the same mass-transfer limitations observed in the slow-

moving gas-liquid stream. It is worth noting, that when complete H2 consumption was avoided, 

the highest yield of 86.5% was observed. The activation energy (accounting for the solvent 

vapour pressure, Supplementary SI3) was 24.3 kJ mol-1 – in good agreement with the literature 



data of 25.2 kJ mol-1 [63] and 28.4 kJ mol-1 [36] indicating that the reaction rates were limited by 

intrinsic kinetics. 

 

Fig. 7. Effect of (A) flow rate, (B) temperature, and (C) pressure on MBY conversion, MBE 

selectivity and pressure drop in a 1 m catalyst-coated tube reactor wall-coated with 20 mg 5 wt% 

Pd/ZnO catalyst. Reaction conditions: 400 mM MBY solution in IPA, H2/MBY initial molar ratio 

1.05, (A) 50 oC, 1 bar; (B) 2 mL min-1 liquid flow, 1 bar; (C) 50 oC, 2 mL min-1 liquid flow. 

Thus, the powder packed-bed reactors show a rather poor performance in gas-liquid reactions. 

Dilution of the catalyst powder with the larger particles such as glass beads increases conversion 

and selectivity, but creates an additional pressure loss (energy consumption). Moreover, the 

selectivity towards an intermediate product remains low. These problems may be circumvented 

in a recycle mode [64] but it requires much higher flow rates and eliminates the advantages of 

high space-time yield of continuous systems converting them, in effect, into a tank stirred by the 

reactant flow. The catalyst-coated tube reactor, on the contrary, showed a considerably higher 

conversion and selectivity at a low pressure drop in a single-pass operation. 

3.3. Alkene full hydrogenation  

The powder packed-bed reactors showed low selectivity towards the intermediate product of 

semi-hydrogenation. At the next step, we studied a full hydrogenation reaction. Full 

hydrogenation reactions are widely used in industry and may represent semi-hydrogenation if the 

optimised catalyst provides no or little over-reaction. 



Fig. 8 shows the results of ethyl cinnamate hydrogenation in the powder packed-bed and 

catalyst-coated tube reactors operating at a similar conversion. Both reactors can reach a full 

ethyl cinnamate conversion with undetectable by-product formation. The performance, however, 

is remarkably different. The increasing liquid flow rate resulted in a falling conversion, as 

expected, in both reactors (Fig. 8A, D). However, the liquid flow rate required for the same 

conversion of 80% (other parameters being equal) was dramatically different – the powder 

packed-bed reactor required a factor of 14 lower feed rate. The reaction temperature (Fig. 8B, E) 

and pressure (Fig. 8C, F) had a similar effect. The activation energy observed is 42 kJ mol-1. 

Hence, the powder packed-bed reactors show a significantly lower catalyst utilisation and high 

pressure drop compared to the catalyst-coated tube reactors. 

 

Fig. 8. Effect of (A, D) flow rate, (B, E) temperature, and (C, F) pressure on ethyl cinnamate 

conversion and pressure drop in either (A, B, C) a 6.6 mm reactor packed with 360 mg of a 2.4 

wt% Pd/C catalyst powder or (D, E, F) 1 m catalyst-coated tube reactor wall-coated with the 15 

mg of the same catalyst. Reaction conditions: 400 mM substrate in acetone, 5% stoichiometric 



excess of H2, (A, D) 50 oC, 5 bar; (B) WHSV 0.09 gMBY gcat
-1 min-1, 5 bar; (C) 50 oC, WHSV 0.09 

gMBY gcat
-1 min-1; (D) WHSV 5.0 gMBY gcat

-1 min-1, 5 bar; (E) 50 oC, WHSV 5.0 gMBY gcat
-1 min-1. 

 

3.4.  Reactor model 

A model was proposed to obtain quantitative insights into the reaction kinetics. The model 

combines the reaction kinetics with the convection flow in the reactor and accounts for 

decreasing fluid velocity caused by hydrogen consumption. Considering that the Péclet number 

was above 100, the reactor was modelled an ideal plug-flow reactor. The liquid residence time 

was calculated with equation 7, where Vreactor is the volume of the reactor filled with the catalyst, 

Q is the volumetric flow rate of liquid and gas at the inlet and outlet of the reactor. Derivation of 

the model (provided in Supplementary SI3) shows that the model is applicable for the gas-liquid 

reactor with uniform catalyst distribution along the length, operated in a slug flow regime at a 

constant hydrogen consumption rate (zero order in respect to substrate is observed for most 

hydrogenation reactions [36,57,65]) and a negligible pressure drop.  

𝑡𝑟𝑒𝑠 =
𝑉𝑟𝑒𝑎𝑐𝑡𝑜𝑟

𝑄𝐿+
1

2
(𝑄𝑔𝑎𝑠,𝑖𝑛+𝑄𝑔𝑎𝑠,𝑜𝑢𝑡)

. (7) 

The MBY semi-hydrogenation was described with a Langmuir-Hinshelwood kinetics considering 

3 reaction stages of hydrogenation: MBY to MBE (rate is r1), MBE to MBA (r2), and a direct MBY 

to MBA (r3), Fig. 1. The change in the reactant concentrations is presented in equations 8 – 10, 

where VL is the volume of liquid in the reactor, mcat is the catalyst mass, ωcat is the mass fraction 

of Pd with the molar mass of MPd. 

𝑑𝐶𝑀𝐵𝑌

𝑑𝑡
=

𝑚𝑐𝑎𝑡 𝜔𝑃𝑑

𝑉𝐿 𝑀𝑃𝑑
 (−𝑟1 − 𝑟3),  (8) 

𝑑𝐶𝑀𝐵𝐸

𝑑𝑡
=

𝑚𝑐𝑎𝑡 𝜔𝑃𝑑

𝑉𝐿 𝑀𝑃𝑑
 (𝑟1 − 𝑟2), (9) 

𝑑𝐶𝑀𝐵𝐴

𝑑𝑡
=

𝑚𝑐𝑎𝑡 𝜔𝑃𝑑

𝑉𝐿 𝑀𝑃𝑑
 (𝑟2 + 𝑟3). (10) 



The individual reaction rates (equations 11 – 13) were modelled following the approach of Duca 

et al. [65] considering strong adsorption of MBY, and adsorption of MBE with the adsorption 

constants of QMBE (QMBE = KMBE / KMBY). The full hydrogenation of cinnamic ether was modelled 

using the same system considering the same model, but using only the MBE to MBA 

hydrogenation step. 

𝑟1 = 𝑘1 
𝐶𝑀𝐵𝑌 𝑝𝐻2

 𝐶𝑀𝐵𝑌+𝑄𝑀𝐵𝐸 𝐶𝑀𝐵𝐸 
, (11) 

𝑟2 = 𝑘2
𝑄𝑀𝐵𝐸 𝐶𝑀𝐵𝐸 𝑝𝐻2

 𝐶𝑀𝐵𝑌+𝑄𝑀𝐵𝐸 𝐶𝑀𝐵𝐸
, (12) 

𝑟3 = 𝑘3
𝐶𝑀𝐵𝑌 𝑝𝐻2

 𝐶𝑀𝐵𝑌+𝑄𝑀𝐵𝐸 𝐶𝑀𝐵𝐸
. (13) 

Fig. 9 shows the comparison of the experimental and modelled concentration of the reaction 

species, which are in excellent agreement for both MBY and ethyl cinnamate hydrogenation 

studied. The details on the fitting as well as the tables with the data are presented in 

Supplementary SI6.  

 

Fig. 9. Comparison of the experimental and modelled concentrations of species for MBY ethyl 

cinnamate hydrogenation.  

The apparent kinetic parameters obtained are listed in Table 1. Considering the average size of 

Pd nanoparticles in the Pd/ZnO catalyst of 4.2 nm [36], the MBY turn-over frequency (TOF) at the 

ambient pressure is 0.9 s-1 at 50 oC. Some literature reported the TOF values of MBY semi-

hydrogenation an order of ~10 s-1 over Pd/ZnO catalysts [57,58,66], while the other reports 

[32,62,67] were in line with the TOF values observed in the present study. Hence, the catalyst 



activity depends on the preparation method and is in line with the literature. The Pd/C catalyst 

used for ethyl cinnamate hydrogenation had the Pd particle size of 4.0 nm [38] which 

corresponds to a TOF of 0.6 s-1, in line with a literature value of 0.3 s-1 [68]. 

Table 1. Apparent rate and relative adsorption constants obtained for MBY and ethyl cinnamate 

hydrogenation in the tube reactors. 

 MBY Ethyl cinnamate 

k1 (bar-1 h-1) 1404 –  

k2 (bar-1 h-1) 537 356 

k3 (bar-1 h-1) 93 – 

Qalkene 0.013 – 

 

Thus, the catalyst-coated tube reactors can be employed to analyse fast reaction kinetics. The 

possibility for quick screening of the reaction conditions without the need to re-start batch 

experiments as well as the absence of mass-transfer limitations are important factors in 

simplification and acceleration of the kinetic analysis. 

4. Conclusions 

We have experimentally compared the performance of catalyst-coated tube reactors and reactors 

packed with the catalyst powders widely used in the laboratory-scale synthesis of fine chemicals. 

The catalyst-coated tube reactors showed superior performance – the absence of external mass-

transfer limitations on the hydrogenation reaction rates, narrow and tightly reproducible residence 

time distribution.  

The two model reactions studied – alkyne semi-hydrogenation over a Pd/ZnO catalyst 

demonstrated a dramatic difference between the two reactors. It was impossible to obtain a high 

yield of the intermediate alkene in the powder packed-bed reactor due to over-hydrogenation into 



alkane; moreover, the reactor performance was not reproducible because the main fluidic path 

continuously changed due to mobility of the catalyst powder. The catalyst-coated tube reactor 

under the same conditions showed the reaction rates 5 times higher. Moreover, the narrow 

residence time distribution in the coated tubes resulted in excellent alkene selectivity. The full 

hydrogenation of ethyl cinnamate, which has no substantial side-reactions, could be carried out 

at full conversion in both reactors studied over the Pd/C catalyst. However, the coated reactor 

showed the throughput 14 times higher compared to the reactor packed with the same catalyst 

due to the absence of external mass-transfer limitations.  

The dramatic decrease in the reaction rates and selectivity observed in the powder packed-bed 

reactors compared to catalyst-coated tubes shows the importance of proper reactor design. In 

case of the packed-bed reactors, the catalyst particles shall be above 40 μm and have tightly 

controlled particle size distribution. Packing of the reactor with the catalyst powder designed for 

stirred tanks is not the shortcut, and even not the way for continuous flow hydrogenation even at 

a relatively small 0.1-1 kg per day synthesis scale. 

The reactor model had been developed for the catalyst-coated tube reactors. The model takes 

into account consumption of hydrogen inside the reactor and allows for analysis of the reaction 

kinetics in a continuous flow, much faster compared to large-scale batch experiments that require 

laborious repetition. 
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