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ABSTRACT: Carbon monoxide is the building block of many relevant chemical
products. However, the relatively high emissions (1.396 - 2.322 kg CO2-eq/kg CO) of its
synthesis and separation process result in high emitting derivatives. Therefore, reducing
CO synthesis emissions is the first step towards more sustainable end products. In order
to tackle this problem, we propose a carbon monoxide synthesis and purification
superstructure. We perform multi-objective optimizations minimizing the cost and
emission of the final CO product across several case scenarios. Results show that the
minimum cost solutions are achieved using partial oxidation of methane (POX) as the
syngas synthesis process and cryogenic distillation as the CO separation technology.
Emissions can be decreased using dry methane reforming (DMR) and pressure swing
adsorption (PSA) but costs increase dramatically. Optimal H2 utilization results in a
reverse water gas shift (RWGS) reactor where CO:2 is consumed to produce additional

CO. Off-gas valorization is key to further reducing the synthesis cost and emissions.

KEYWORDS: CO: utilization, synthesis gas, methane reforming, carbon monoxide
production, hydrogen management, superstructure decision making, multi-objective

optimization
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CCS Carbon Capture and Storage

BR Bi-reforming

CO2-eq Carbon dioxide equivalent

CR Combined reforming

DMR Dry methane reforming

GDP Generalized Disjunctive Programming
GWP Global Warming Potential

HI Heat integration

POX Partial oxidation

PSA Pressure swing adsorption

RWGS Reverse water gas shift

SMR Steam methane reforming

STAC Specific total annualized cost

TR Tri-reforming

WGS Water gas shift

NOMENCLATURE

Indices

b bypass: B = {bypassl, bypass2, bypass3}
C cold stream: ¢ = {(C)zj’}
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crwgs

csyn

hrwgs

hsyn

0g

rwgs

st

syn

u
Parameters

a

iu

Set relation between RWGS reactor rwgs and cold stream c:
(L,c12),(1,¢c13),(2,c14),(2,cl5),
(3,¢16),(3,c17),(4,c18),(4,c19)

rwgs,c

CRWGS ={

Set relation between syngas technology syn and cold stream c:
(SMR,cl),(SMR,cZ),(POX,c3),(ATR,c4),(CR,C5),(CR,C6),}

CSYN,,, =
. {(DMR,C?),(DMR,CS),(BR,c9),(BR,c10),(I’R,c11)

side draw: D = {water, CO2, H2 pure, Hz-rich, CO}

side draw end use: E = {syngas synthesis, recycle, RWGS reactor, fuel
cell, fuel gas, byproduct, storage, waste}

hot stream: H = {(h)h=13}

h=1

Set relation between RWGS reactor rwgs and hot stream h:
HRWGS ={(1,h10),(2,h11),(3,h12), (4,h13)}

rwgs,h —

Set relation between RWGS reactor rwgs and hot stream h:
HSYN. . — (SMR, h1), (POX,h2),(ATR, h3),(CR, h4),
¥ 1 (CR, h5), (DMR, h6), (BR, h7), (TR, h8), (TR, h9)

process units: | = {syngas synthesis, flash separator, CO2 absorberl, PSA
H2, cryogenic distillation, PSA CO, CO absorber, CO2 absorber2, fuel
cell, RWGS reactor}

components: J = {methane, steam/water, Oz, CO2, CO, Hz2}

component: J' ={j'eJ : ] isthe reference component of process unit
i}:viel

unit types: K = { reformer reactor, compressor, exchanger/heater/cooler,
vessel, fuel cell}

off-gas H2/CO ratio: OG={0, 1, 1.5, 2, 2.5, 100}
reverse water gas shift reactor: rRwas, = {1, 2, 3, 4} : i ={RWGS reactor}
process sections: S = {syngas synthesis, separation, RWGS reactor}

heat integration stage: sT = {(St)st=58}

st=1

syngas technologies: syn.= {SMR, POX, ATR, CR,DMR, BR, TR} : i=
{syngas synthesis}

utilities: U = {natural gas, cooling water, power}

Utility u required by process unit i [kW]
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AHS

AT,

st

¢.jd

Variables

cap;

cost,,

emission,

Annualization factor

Additional utilities required by process unit i [various units]

Bare module parameter 1 of unit type k

Bare module parameter 2 of unit type k

Fixed cost parameter of unit type k in process unit i [$]

Variable cost parameter of unit type k in process unit i [$/capacity units]
Maximum allowed molar flow [kmol/h]

Material factor of unit type k

Pressure factor of unit type k

Mole of CO: produced by the complete combustion per mole of
component j with air [kmol CO2/kmol j ]

Molar mass of CO2 [kg CO2/kmol COz]

Cost of component j [$/kmol j]

Enthalpy of combustion of component j [kJ/kmol j]

Temperature difference between stage st and st +1

Fraction separated of component j in process unit i and side draw d
Cost contribution of utility u [$/kW]

Emission of component j [kg CO2-eq/kmol j ]

Fuel gas combustion efficiency

Emission contribution of utility u [kg CO2-eq/kW]

Emission contribution of additional utilities [kg CO2-eg/various units]

Cost contribution of additional utilities [$/various units]

Capital cost of process unit i [$]

Off-gas valorization associated revenue [$/kg]

Emission of process unit i [kg CO2-eq/h]
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emission,

emission ™

F

ijde

FeX

co,

out
Fy

in
F

out
F

product
I:J'

FCpstc
FCpsth

H,/CO
op;
Qota

Q

Q fg
Qrot

qhot

st

raw

Yi

Off-gas valorization associated abated emission [kg CO2-eq/kg]

Emission related to fuel gas combustion [kg CO2-eq/h]

Molar flow of component j inside draw d end use € from process unit
i [kmol/h]

Additional CO2 molar flow that enters the system [kmol/h]
Fuel gas molar flow of component j [kmol/h]

Inlet bypass b molar flow of component j [kmol/h]
Outlet bypass b molar flow of component j [kmol/h]
Inlet process unit i molar flow of component j [kmol/h]
Outlet process unit i molar flow of component j [kmol/h]

Product molar flow of component j [kmol/h]

Product of the molar flow and heat capacity of cold stream C in stage st
per kmol/h of component j' [KW-°C-h/kmol |']

Product of the molar flow and heat capacity of hot stream h in stage st
per kmol/h of component ' [kW-°C-h/kmol j']

Off-gas H2/CO molar ratio

Operating cost of process unit i [$/h]

Total cold services required by the system [KW]

Hot services required by process unit i [kW]

Hot services provided to process unit i by fuel gas combustion [kW]
Total hot services required by the system [kW]

Total externally supplied hot services required by the system [kW]
Residual heat that leaves stage st [KW]

Raw material molar flow of component j [kmol/h]

Binary variables associated to the existence of process unit i
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1. Introduction

Carbon monoxide is a precursor of many important chemical products (Figure 1). It is
most commonly obtained through synthesis gas (syngas) separation, which is mainly an
H2/CO mixture, although it can also contain unreacted methane and unseparated carbon
dioxide [1]. Hence, this process produces an excess gas byproduct which is usually
hydrogen-rich. This off-gas is often used as fuel within the syngas generation and
separation section or in downstream applications, although it can also serve as a raw

material of other products since it contains valuable hydrogen.

Carbon Monoxide Derivatives

Cleaning
({disinfectants, descallers,

detergents, personal care, Fuels (coatings, paints, inks, dyes, <y
diapers, cosmetics {odditives, pharmaceuticals, polymers) [l NI 3

S 2 A
fragances) hydrogen carrier) Polymers Pharmac‘e‘uticals V ’g
(preservation, flavoring, / (PET, PBT, EVA, PVA, PMA, (aspirin, m
rheology modification) “
Textiles

Solvent Pesticides

p
PC, CAB PMMA, PAA, PAM, 'PUPrOfENe,

_ ; PS, PAN, SBR, latex antibiotics,

[gﬂbers, synthettﬁc /:arhe;, adhesives, hn'rmofaes,

ves, various treatments, e g ) vitamins)
binders) %

Figure 1. Carbon monoxide main derivatives and applications [2-9]

The synthesis and separation of carbon monoxide has a more than appreciable carbon
footprint. The whole process emits approximately from 1.396 to 2.322 kg of carbon
dioxide equivalent (kg CO2-eq) per kg of CO [10]. Therefore, due to the importance of
the gas, achieving a reduction of these manufacture emissions may contribute to mitigate

the environmental burden.

In a previous work [11], we studied syngas generation and ratio adjustment for several
compositions and product pressures. The most remarkable result, at least from an

environmental point of view, was that with an H2/CO ratio of one and low product
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pressures, the production of this syngas can consume more CO2 than it emits both directly
and indirectly, down to a minimum value of about —0.2 kg CO2-eq/kg syngas. This result
is directly tied to the need of hydrogen: the less hydrogen required, the less costly and
less emitting the synthesis is. According to these results, a further reduction of the H2/CO
ratio could lead to an even higher CO: utilization process. Hence, completely removing
H2 from syngas in order to produce pure CO may result in an interesting case of study.
We propose a process superstructure in which several syngas synthesis processes, Hz2, CO
and CO2 separation units and different off-gas utilization alternatives (fuel gas, fuel cell,
Reverse Water Gas Shift reaction) are included. The aim of this superstructure is to find
the optimal configuration that minimizes the cost ($/kg CO) and/or the emission (kg CO2-
eg/kg CO) by using classic, CO2-consuming and more environmentally friendly

technologies.

The superstructure is modelled using the Generalized Disjunctive Programming (GDP)
and the resulting disjunctions are transformed into algebraic equations through the Hull
Reformulation [12]. We tackle this optimization problem solving the resulting Mixed-
Integer Non-Linear Program (MINLP) model as a multi-objective optimization problem
using the epsilon constraint method [13], minimizing the environmental (GWP) and
economic (Specific Total Annualized Cost, STAC) indicators. Results show that the
byproduct management is the key to achieve a great reduction both in cost and emissions

of the synthesis process.

2. Methods and models

The proposed process superstructure is shown in Figure 2. Methane and the selected
reformer agents enter one of the possible syngas synthesis processes. Then, water is

removed via condensation, followed by the possibility of removing CO2 in an amine



169  absorption process. A Presure Swing Adsorption (PSA) unit may be used to remove H>
170  from the resulting stream, or it can simply advance to the CO separation section, where
171  cryogenic distillation, absorption, or PSA can be used for the task. Finally, the product
172 CO stream can be subjected to a further CO2 removal if needed. Hydrogen rich and off-
173 gas streams resulting from the separation technologies are given the possibility of being
174  recycled, used as fuel (combustion or in a fuel cell) or become a byproduct stream for
175 utilization in a subsequent synthesis. A more in depth analysis of Figure 2 is given in the

176  following subsections.

CH, + steam

Additional co, —()

Electricty
RWGS le > )
ri

O Hyerich o,
To CCS =
Cryogenic | | Absober
o, PSA (H;) | . (€0,)
I |
‘ G0 I Abscurbcl 5 Product CO

3 separator

Water

1 77 Byproduct/Fuel

178  Figure 2. Proposed carbon monoxide synthesis and separation superstructure

179 2.1.Synthesis gas production

180  Carbon monoxide can be produced by methane reforming syngas synthesis and its
181  subsequent separation [1,14]. The synthesis can be carried out by several technologies.
182  Steam methane reforming (SMR) uses steam as reforming agent in an endothermic
183  reaction that produces high hydrogen content syngas [15,16]. This is the most used
184  worldwide tehnology, especially when hydrogen is desired as the main or secondary
185  product [17]. Non-catalitic partial oxidation (POX) uses oxygen as reforming agent in a
186  high enxothermic reaction that can reach over 1200 °C [18], and its catalytic version,

187  auto-thermal reforming (ATR), uses a mixture of oxygen and steam in an also overall
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exothermic process [17,19]. These two technologies are the most used after SMR,
especially when syngas with low to medium hydrogen content is the main sought product
[20,21]. The fourth techonology is combined reforming (CR), which consists in an SMR
followed by an ATR reformer reactor [22]. The so called dry methane reforming (DMR)
uses CO: as the sole reforming agent in order to produce a low hydrogen content syngas
in a highly endothermic energy intensive reaction [20,21,23]. The particularity of this
process resides in its capability of net consuming COz: in the production of low pressure
and H2/CO ratios syngas [11]. Bi-reforming consists in the addition of CO2 to the SMR
reaction [22]. This change reduces the hydrogen content in the product but allows for an
easier syngas composition adjustment, in addition to consuming CO2 in the process [17].
Finally, tri-reforming uses all three reforming agents (steam, oxygen and CO32) so as to
produce syngas with an H2/CO ratio below two [24,25]. The selected process for CO
production is largely dependent on a company's own technologies and licenses [26],

although POX, ATR and SMR are usually the preferred choices [20,27].

These processes were simulated in Aspen HYSYS v9.0 using the most common feed
ratios and operating pressures and temperatures found in the bibliography. From the
simulations, we propose linear models addressing raw material and utility requirements,
conversion and capital costs. These models as well as a more detailed information on the

simulations and operating parameters can be found in [11].

2.2.Carbon monoxide separation

Separation of carbon monoxide is mainly carried out using three different technologies
[14,28]: cryogenic distillation, chemical absorption (COSORB) and pressure swing
adsorption (PSA). Cryogenic distillation is the most widley used [29], while absorption

and PSA are more suitable when N2 is present in the mixture [30]. Carbon monoxide
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purities and recoveries, as well as the cost and emission per mass unit of CO separated

are shown in Table 1.

Table 1. Main carbon monoxide separation technologies and characteristics [28].

Cryogenic distillation COSORB PSA

CO Purity [%] 97 - 99 [30,31] 99 99

CO Recovery [%0] 90 99 90
Cost [$/ton CO] 71[29] 200 [32] 140 [32]
GWP [kg CO2-eq/kg CO] 0.587 [33] 0.190 [32] 0.094 [32]*

* 1.4 bar inlet pressure

2.3. Hydrogen optimal usage

2.3.1. Fuel gas production for energy generation

The continuous availability of hydrogen combined with its clean combustion makes it an
excellent candidate to be used as fuel in the syngas synthesis process and the following
downstream applications. Recycling the fuel gas reduces natural gas demand, and thus
the cost and—most importantly—the emission of heating. The energy produced by the

fuel gas is calculated as:

2.Q° =D AH{F 7, 1)

Where Qing (kW) is the energy produced by combustion of the fuel gas which is sent to

.y . C- . . fq -
process unit i, AH is the enthalpy of combustion of component j (Table 2), F, 9 is the

fuel gas molar flow of component j (kmol/s) and 7, is the efficiency of the combustion,

10
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assumed at 0.8. The total hot services energy demand of the system that has to be

externally supplied, q,,, is calculated using Eq.(2) and Eq.(3), subjected to Eq.(4):

Qhot = ZQ. (2)
G =2,(Q-Q°) Viel 3)
Q-Q%=20 viel (4)

where Q is the hot services energy demand of process unit i and Q,, is the total energy

demand (hot services) of the system, both in kW. If part of the energy is unused by the
system, it is sold assuming the same price if it was produced by burning natural gas (9.237
$/MWh [34]). On the other hand, its CO2 emissions are calculated assuming total
combustion of the gas minus the avoided emissions of the same quantity of natural gas

based energy would produce (212.2 kg CO2-eq/MWh [10]).

Unreacted methane and unseparated carbon monoxide and dioxide can be part of the fuel
gas, which makes its combustion not completely emission free. Total combustion of the

fuel gas is assumed when computing the emission:

emission® =" F,"G,M,, (5)
j

where G; is the molar production of CO2 after combustion with air of component j (Table

2), MCOZ is the molar mass of CO2 (44 kg/kmol) and emission ™ is the mass flow of CO2

produced by combustion of the fuel gas (kg/s).

11



246  Table 2. Combustion enthalpies, molar production of CO2 and cost of the most prominent

247  fuel gas components in this system.

H: CHg4 CO CO:
AH®j [kd/kmol] 241814 802518 283200 -
Cost [$/MWh] - 9237[34] - -
Gj [kmol CO2/kmol j] - 1 1 1
248
249 2.3.2. Off-gas production

250  The production of an off-gas byproduct is an alternative to the fuel gas route. This
251  approach is interesting when downstream applications require hydrogen or syngas
252  (obtained by leaving unseparated CO) in subsequent synthesis. Example of this are formic
253 acid [5], acetic acid [7] or dimethyl carbonate synthesis [4]. Since this gas is a byproduct,
254 the emission of its components is not included in the environmental indicator save for the
255  carbon dioxide. A CO:2 absorber is assumed to remove 96 % of the gas from the stream
256  with a cost of 43.06 $/ton of CO2 [35]. The absorber is needed to avoid a CO2 “leak”
257  through the off-gas, since omitting its contribution would derive in the system removing
258  the maximum quantity possible through the byproduct. Regardless, the option of using
259  part of this off-gas to fuel sections of the superstructure remains available. The economic
260  (cost

$/kg) and environmental (emission,, , kg CO2-eqg/kg) profit associated to the off-

og ! og !

261 gas utilization is computed using the following correlations, which are adjusted using
262  bibliographic and experimental data (Appendix A, Table A. 7):
1.58-1.436(H,/CO) V(H,/CO)e[0,1]
263 ‘ 0.0721+ 0.1673(H2/CO)—0.1222(H2/CO)2 +O.02733(H2/CO)3 V(H,/CO) e(1,2.5)
cost,, =

* ]0.117+0.01463(H,/CO) V(H,/CO)e[2.5,10]
158 V(H,/CO)e(10,»)

12



264 (6)

1.859-1.261(H,/C0O) Y(H,/CO)e[0,1]

0.3376(H,/CO)* ~1.469(H, /CO)? +2.035(H, /CO) —0.3043 V(H,/CO) e (1,2.5)
0.8399+0.01353(H, /CO) V(H,/CO) [2.5,10]

21924 V(H,/CO)e(10,)

266 (7)

265  emission,, =

267  where H,/COis the off-gas molar hydrogen to carbon monoxide ratio.

268 2.3.3. Reverse water gas shift reaction

269  The water gas shift reaction (Eq.(8)) consists in the chemical equilibrium of Hz, CO, CO:2
270  and steam [36]. This exothermic reaction, which produces Hz and COz, is favored at low
271  temperatures, thus making this the most common technique to increase the H2/CO ratio
272 of syngas by feeding steam to the mixture. However, at high temperatures, the equilibrium
273 s favored in the opposite direction, in the so called reverse water gas shift (RWGS)

274  reaction:
275 CO+H,0e=—=H, +CO, ®)

276 Under 600 °C, the methanation reaction takes place simultaneously, and while under 800
277 °C, carbon deposition occurs [37]. However, it has been reported [38] that using a specific
278  NiOfsilica based catalyst negates these adverse effects, with low NiO charges of 15 % or

279  less providing results in 100 % CO selectivity (Table 3).

280 Table 3. RWGS reaction CO:2 conversion [38].

CO; conversion [%] 11.6 450 77.6 85.9

T [°C] 300 350 400 450
P [bar] 1
H2/CO [mol/mol] 7

281

13
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We perform simulations in Aspen HYSY'S v9.0 using the temperatures, pressure, feed
ratio and conversions stated in Table 3. The results of the simulations (energy
requirements) allow us to build linear equations to model the reactor. The related data is

contained in the Appendix tables (Table A.4, Table A.5 and Table B.1).
2.3.4. Electricity generation

Renewable electricity by hydrogen reverse electrolysis in a fuel cell is no doubt an
efficient and clean energy source. The main inconvenience it presents is hydrogen
availability (generation and transport), which usually increases its cost compared to
classic fossil fuel electricity [39]. In this particular scenario, since hydrogen is a byproduct
of the main synthesis, it could be considered using part of it to produce clean electricity,
cutting the need of a renewable hydrogen source. Commercial proton exchange
membrane (PEM) fuel cells can produce 1 MW per 750 Nm3/h Hz over 99.99 % purity
[40]. A PSA unit is installed in order to achieve this purity [41]. Typical PSA unit
recovery for hydrogen production is in the range of 70 — 95 % at high purity (>99.999 %)

[42,43].

2.4.Mathematical modelling of the superstructure

2.4.1. Carbon monoxide product line

As seen in Figure 2, raw materials enter the chosen syngas synthesis process at the
required ratio. Only one process is allowed to be selected per optimization. More details
on the modelling of this section can be found in [11]. Then, the syngas product is sent to
the separation section. First, a phase separator working at 40 °C is considered to remove
all water contained in the syngas. Next, the option of removing CO2 (96 % recovery,
43.06 $/ton [35]) is given. We formulate these options using disjunctions, whose general

formulation is as follows:

14
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cap, = y_(cy +ci R’ )(B;+B§FKMFKP) [ Y]
k in
in I:ij =O
0<ZF” - v Fijout:O Vi,j,j'eli (9)
0<ZF°“‘<F Fise =0
| cap; =

0<ZZZ ijde — I:max

where Y, is the Boolean variable related to the existence of the unit. If this variable value

Is “true”, the unit exists and the process flows and cost associated to it also do, otherwise,
these variables are zero. This disjunction can be reformulated into a set of algebraic

equations using a binary variable ('y,) which adopts the values 1 or 0 if the corresponding

Boolean variable is true or false, respectively. Since all the equations enclosed in the

disjunction are linear, we apply the Hull reformulation [12]. This reformulation is as

follows:
cap, :Zk:[(ci;y, +ou Rl )(BL+BIRFT)] Vi, jrelxd (10)
osZF,;” <F,_y, Viel (11)
0<Y FM<F.,y Viel (12)
i

0<> > > Fie <Fouy; Viel (13)
e d j

The capital cost of unit i is referred as cap, ($/h), while ¢/ and c; are the fixed and
variable cost parameters of unit i and equipment type k estimated from linearizations of

the models proposed by Turton et. al [44] (Table A.2). FkM and Fif are the material and
pressure factors associated to equipment type k while Bi and Bk2 are the bare module

parameters of said process unit types. Fiji.” (kmol/h) is the inlet molar flow of a specific

15
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342

component j' used for calculating variable costs and emissions, which is different in each

unit i and is usually tied to the main separation component of said unit (Table 4). Fijin

and F;* are the inlet and outlet molar flows of component j inunit i (kmol/h), F,, are

ijde
component j, unit i, side draw d molar flows sent to end use € in (kmol/h) and F,__,

is the allowed upper limit of the molar flow (10 kmol/s). In addition to Eqgs.(10)-(13), the

other common equations needed for modelling the process units are:

R =F —Z; Fie Viijelx] (14)
Ze:Fijde:ﬂde”i” Vi, j,delxJIxD (15)

emission, = (Z a0, +by, ] Fi' — QG auraiges Vi j € 1xJ (16)
op, = (Z a,p, +bo, J Fi" — Q" raraiges Vi J € 1xJ (17)

where ¢, is a parameter that fixes the recovery of component j inunit i and side draw
d . The parameter a, (kW/ kmol j') states how much utility u (natural gas, cooling
water, electricity) is needed by unit i, g, is the equivalent CO2 emission of utility u (kg
CO2-eq/kW), b, is a binary parameter that adds additional contributions, like the use of
a solvent, to unit i, and y, (kgCO2-eq/kmol j'), is the input of said contributions to the
process emission (emission;, in KgCO2-eq/h). The operating cost (op,) makes use of the
same a, and b, parameters plus their conversion to costs ¢, ($/kW) and @ ($/kmol j').

These parameters can be found in Appendix A (Table A.3, Table A.4 and Table A.5).
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Table 4. Main components and side draws of process unit i .

Unit i Component j” Side draw d
Reformer reactor Methane -
Flash separator Water Water
CO2 absorbers CO2 CO2
H2 PSA H2 H2 pure
Cryogenic distillation CO H2-rich, CO
CO PSA CO CO
CO absorber CO H2-rich, CO
Fuel cell H2 -
RWGS reactor CO2 -

After the CO2 absorber, the gas flow encounters a PSA unit that prioritizes H2 separation.
Here, the same situation, where the unit may or may not exist, is found. The modelling of
this unit is equivalent to the absorber, using Eq.(10)-(17) along with the appropriate
parameters (Table A.2 - Table A.5). In addition, for both, this and the absorber case, the
use of a bypass is proposed as an alternative option if the process unit is not selected,
although it can still be chosen in case only a fraction of the gas of interest has to be

removed:

F"=F* b, jeBx] (18)

FoutzFin +Fin

r, j absl, j bi,j

Vjiel (19)

out out _ rin
I:absl,j + |:bl,j - Fpsal,j

+Fyp; Viel (20)
where Fb‘j” and Fbj’“t are the inlet and outlet molar flows of component j in bypass b .

The subscripts IT, absl, bl, psal and b2 stand for the reformer reactor, first CO2
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368

369

370

371

372

373

374

375

376

377

378

absorber, first bypass, H2 PSA and second bypass. Note that in cases where a stream
division occurs, a composition mass balance has to be included in order to maintain the
composition of the original stream. However, in this case, since the absorber/PSA cost,
emission and separation only depends on the main component and both streams converge
again before entering the next process unit, the composition mass balance can be skipped

and thus the associated nonlinearities are avoided.

The stream then arrives at the main CO separation section. The next equation ensures that

only one of the separation technologies is selected:

ypsa2 + ycd + yabsco = 1 (21)

where psa2 , cd and abscostand for the CO PSA, cryogenic distillation and CO

absorption units. The mass balance is as follows:

Fout +Fout =I:in +Fin _I_Fin

psal, j b2,j psaz, j cd,j absco, j

Vjel (22)

These units are also modelled using Egs.(10)-(17). Since only one separation unit can
exist, there is no real division, hence the composition mass balance is again avoided.
Before the obtaining of the product, an additional CO2 removal step is added in case too
much of the gas remains with it. Finally, the product CO is obtained at > 99 % purity as

the sum of the CO rich side draws of these units:

Frrodet — S L FECO L FS L vjel (23)

] cd,j absco, j psaz, j

where FjprOdUCt is the molar flow of the product stream in kmol/h.

2.4.2. Side draw management

The side draws of all these separation units are split or mixed depending on their

composition (Table 5). The CO2 draws obtained in the CO2 absorbers can be used as a

18



379

380

381

382

383

384

385

386

387

388

389

390

391

392

393

394

395

raw material in the RWGS reactor, any of the CO2-consuming methane reforming
processes or just stored. On the other hand, there are two different H2 draws: the H2-rich
streams obtained in the cryogenic distillation and CO absorber units and the fuel cell
grade almost pure H2 stream obtained in the first PSA. The fuel cell operates using H2
exclusively extracted in the first PSA (fuel cell grade H2 stream). In addition, the
remaining Hz of this stream can enter the RWGS reactor, be used as fuel or become the
byproduct. These three options are also available for the Hz-rich streams. Furthermore,
the Hz-rich stream can be recycled back just before the first PSA choice, in case additional
H2 has to be recovered. Therefore, the mass balances associated to the end uses of the
side draws are as follows:

(Fum -F )Z}: Fijge = Z,:( - )Fijde (24)

Vjel,V(i,d)e(IxD)AV(d,e)e (D'xE")
where the relations of unit i and side draw d (I xD") and side draw d and end use e

(D'xE") are stablished in Table 4 and Table 5.

Table 5. Side draws of the separation units and possible uses

Side draw d End use e
Water waste
CO2 syngas synthesis, RWGS reactor, storage

H2 pure fuel cell, RWGS reactor, fuel gas, byproduct
H2-rich recycle, RWGS reactor, fuel gas, byproduct

CcO product*

*not considered a side draw since the main superstructure flow follows this path
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2.4.3. Heat integration

Heat integration (HI) is key in reducing the energetic demand in many chemical
processes, and in the case of syngas synthesis, it is particularly important. The high
temperatures needed in the synthesis are translated into a high energy demand, while such
demand derives into elevated costs and emissions. We integrate HI into the superstructure
using the transshipment problem approach [45], which is illustrated in Appendix B
(Figure B.1). This method consists in the division of the system hot (h) and cold (c)

streams into stages (st) following the stream ordered temperatures (Table B.1). The

temperatures of the hot streams are subtracted A-V, while the opposite is done for the

cold streams, where AT is the minimum temperature difference allowable for any heat
transfer, which is set to 10 °C in this work. Here, each stream exchanges heat in all stages

that are included in its temperature range. The total hot utility (Q,,, KW) heat flow the

system needs enters on the first stage, while the total cold utility (Q,.,,, KW) heat flow

cold !

required by the system leaves the last stage. In addition, a residual heat (R, , KW) leaves

stage st and enters stage st+1 connecting all stages by their respective energy balances

(Eas. (25)-(27)).

Z (ATIFCplh Fsiyl,j')—l— Z (ATlFCplh Fri;gs,j')—l_Qhot =

HSYN HRWGS

syn,h rwgs,h

. : . (25)
> (ATFCp.Fy )+ D (ATFCp Fuy;)+R Vi'el
CSYNgn ¢ CRWGS, 46 ¢
z (ATst FCpst,h |:siynn,j')—i_ z (ATst FCpst,h Fri/:/]gs,j')-'_ Rst—l =
HSYNgn 1 HRWGS g5 1
z (ATst FCpst,chi;n,j')-l_ z (ATst FCpst,cFri/Ugs,j')+ Rst (26)

CSYN CRWGS 46 ¢

syn,c

Vj'eJ, Vste ST\{1[ST|}
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Z (A-I-|ST|FCp\ST|thiyr:1,j')+ Z (AT|5T|FCp|5T|hFriwngs,j')+R\STH:

HSYNg, HRWGS

> (AT|5T|FCp|5T|chiynn,i')Jr > (A-I-ISTlFCp|ST|cFri/:/]sg,j')+Qco|d Vj'ed

CSYN CRWGS

rwgs,h

(27)

syn.c wgs,c

where AT, is the temperature increment in stage st, FCp,,, and FCp, . are the products
of the molar flows and heat capacities per kmol/h of component j' (kW-h-°C/kmol ')

of hot stream h and cold stream cC located at stage st and HSYN CSYN

syn,h? syn,c !

HRWGS,,, , and CRWGS

rwgs,

are the set relations between syngas synthesis technologies

rwgs,c

(SYN,) and RWGS reactor types (RWGS, ) and the hot h and cold ¢ streams (Egs.(28)

-(31)).

{(SMR,hl),(POX,h2),(ATR,h3),(CR,h4), }
HSYN,, , = (28)

1 (CR, h5),(DMR, h6), (BR, h7), (TR, h8), (TR, h9)
CSYN. - (SMR, c1), (SMR, c2), (POX,¢c3), (ATR, c4), (CR, c5), (CR, c6), 26
¥ | (DMR, ¢7), (DMR, c8), (BR, ¢9), (BR, ¢10), (TR, c11) 29
HRWGS, ., = {(1,h10), (2, h11), (3,h12), (4, h13)} (30)
CRWGS, - {(1, c12),(1,¢c13),(2,c14), (2, c15),} -

©¢1(3,¢16),(3,cl7), (4,¢18), (4,c19)

2.4.4. Multi-objective optimization

The objective functions selected for this study are the Specific Total Annualized Cost
(STAC) and the Global Warming Potential (GWP). The former is calculated as the sum

of the annualized capital and operating costs of the process per kg of product CO:

STAC = (Z(AFcapi +0p; )+ raw,o; j/FCPC;f’d”Ct (32)

raw, =» Fo . VjeJ\{CO,} (33)
syn

rawg,, = o + > Fy (34)

syn,CO,
syn
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c_ IR(IR+1)"™"

E (35)
(IR+1)"" -1

where raw, (kmol/h) is the raw material molar flow of component j and o, ($/kmol) is

a parameter for calculating the cost of those raw materials. The variables F."

ex
4nj and FCOZ

(kmol/h) stand for the inlet molar flow of component j and syngas synthesis technology
syn and the additional CO2 molar flow that can be used in the RWGS reactor. To

compute the annualization factor ( AF ), the horizon time is 8 years and the interest rate (
IR) is set to 0.1 [46]. On the other hand, GWP includes the indirect emission of raw
material and energy usage, as well as a term regarding the abatement of CO: that is
consumed in the system:
(rawj/ij )Jremissionfg +Zemissioni +

I

vjed\{CO,}

GWP =

product
I:CO

+MCO2{ > Z(Fijde)—raij (36)
Vie{

abslabs2} e

j={CO,},d ={CO,}
where 4, is the GWP contribution of the raw materials (kg CO2-eg/kmol j ).

The overall bi-MINLP formulation can be expressed in compact form as follows:

min {STAC(X, y);~GWP(x, y)}
X,y (37)
st. constraints

where X and y stand for continuous generic variables associated with structural
decisions. Solving this problem results in a set of Pareto alternatives that represent the
optimal trade-off between the objectives. We used the & -constraint method [13] to obtain
these Pareto solutions by solving a set of instances of the following single-objective

problem (M1) for different values of the auxiliary parameter ¢ :
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469

nx1‘|yn {STAC}

(M1) st. constraints
GWP <¢

g<le<le

(38)

Where & and & denote the lower and upper bounds of &, which are obtained by

individually optimizing each objective. The minimization of the GWP directly results in

the value of &, while the minimization of the STAC provides ¢, since the lowest cost

generates the higher emission:

(X,y)=argmin{TAC}
(M1a) Y (39)
sit. constraints

g =min {GWP}

(M1b) (40)

st. constraints

3. Results and discussion

We optimize the superstructure fixing a molar flow value of the product CO of 0.1 kmol/s.
According to this, we bound the problem variables using Aspen HYSYS v9.0 simulations
as a reference. Initialization is also carried out with these reference values. The model is
comprised of 742 equations and 483 variables, 20 of which are binary variables. We used
GAMS [47] and the ANTIGONE solver [48] to implement and solve the problem,

respectively.

The main results of the multi-objective optimization problem are shown in Figure 3.
Results are separated in different cases: a Base Case where a binary cut prevents the fuel
cell and RWGS reactor from appearing in the final solution, Case 1 where the fuel cell is
free to be selected, Case 2 where the RWGS reactors are available for selection and Case

3 where any feasible combination contained in the superstructure is a valid solution.
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Parting from the solutions of each individual case, the byproduct off-gas is then valorized

both economically and environmentally in two additional scenarios per case study: its

combustion and use as energy and its utilization as syngas outside the boundaries of the

system. The valorization as energy considers that it substitutes natural gas combustion,

hence, its selling cost is considered the same (9.237 $/MWh [34]). On the other hand, its

CO:2 emissions are calculated assuming total combustion of the gas minus the avoided

emissions of the same quantity of natural gas based energy would produce (212.2 kg CO2-

eg/MWh [10]). Utilization as hydrogen/syngas is valorized using Egs.(6)-(7) adjusted

from the economic and environmental values of syngas with H2/CO ratios of 1.0, 1.5, 2.0

and 2.5 in addition to considering the extreme cases where only CO (H2/CO ratio is zero)

or Hz is produced (H2/CO assumed 100 or more) (Table A. 7).
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Figure 3. Results of the multi-objective optimizations of the carbon monoxide synthesis
proposed model. The employed syngas synthesis and separation technologies are
included along with the RWGS reactor operating conditions in the applicable case

scenarios.

3.1.Base case studies (before off-gas valorization)

The minimum cost solution of the base case scenario represents the classic CO synthesis
and provides a reference solution in order to compare with other non-conventional
configurations. The resulting emission (1.54 kg CO2-eq/kg) falls in the reported range
(1.40 - 2.32 kg CO2-eq/kg [10]) for CO synthesis, while the cost (0.234 $/kg) is almost
within it (0.254 — 0.281 $/kg [14]), which reinforces the reliability of this result. The
selected configuration consists of partial oxidation (POX) for the synthesis and cryogenic
distillation as the main carbon monoxide separation technology, which matches with the
most utilized syngas production and CO separation processes used industrially for this
task [20,26,27,29]. This configuration is only natural since the minimum production costs
sought at industrial level should be provided by the most used technologies. As the
emission decreases (and the cost increases), the selected CO separation technology shifts
to absorption, followed by adsorption (PSA) and when the production reaches its
minimum emission values, the selected syngas synthesis process changes to Dry Methane
Reforming (DMR). The emission can be decreased down to 0.786 kg CO2-eqg/kg CO (49
% reduction) but the cost rises dramatically, almost tenfold. On the one hand, the shift in
separation technology can be mainly explained with each process energy demands.
Absorption suffers from significant operating costs due to solvent regeneration and usage
while PSA requires an elevated electricity supply in addition to its high capital cost [32].
However, neither of these technologies relies on the use of a high emitting refrigerant like
cryogenic distillation does, resulting in overall less emitting processes despite the
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meaningful energy requirement. On the other hand, DMR has been proven to net consume
CO2 when producing low H2/CO syngas ratios [11], which explains its usage in the
minimum emission solutions for CO synthesis, which is technically the lowest H2/CO
syngas ratio. However, the high endothermicity of its main reaction results in elevated

production costs due to a significant energy demand.

Results of the inclusion of the fuel cell in Case 1 show a positive effect since both cost
and emission objectives are overall moderately reduced, specially the latter. The clean
electricity produced by the fuel cell undeniably reduces the emissions, however, this
reduction is damped by the additional effort required to separate and achieve the fuel cell
grade purity Hz. The cost, on the other hand, is barely affected in comparison to the base
case. Fuel cell electricity is notorious for its higher cost compared to the traditional power
plant supply, which is mainly related to the obtaining of hydrogen. In this case study, and
even though it requires purification, Hz is but a byproduct of CO production. This means
that a steady supply of the gas is available without specifically synthesizing it, which is

translated into a less expensive fuel cell electricity production.

As shown in Case 2 results (Figure 3), the inclusion of a RWGS reactor drastically
reduces both cost and emission, even below the carbon neutrality barrier. The RWGS
reaction takes advantage of the surplus Hz and consumes CO: in order to form water and
CO. The consequences of this are twofold: first, the high consumption of CO:2 greatly
reduces the overall GWP of the process; and second, the additional CO production in the
RWGS reactor reduces raw material and energy demand in the reforming section, along
with their associated cost and emission. Regarding the technology selection for the
synthesis, Auto-thermal Reforming (ATR) appears as one of the minimum cost solutions
additionally to POX, while DMR disappears from the minimum emission solutions. POX

and ATR are closely related. Not only do they use similar raw materials, produce similar
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H2/CO ratio syngas and possess high exothermicity but also they are the two most used
syngas synthesis processes precisely for this very reason. The absence of DMR in the
minimum emission solution is explained by the inclusion of the RWGS reactor. The
RWGS reaction requires Hz, however, DMR produces around half the quantity provided
by POX and ATR. This fact makes the latter processes more suitable to work with the
RWGS reactor than DMR, while the role of the CO2 consuming process is adopted by
the former. The selected separation technology in the minimum cost scenario is again
cryogenic distillation, while the minimum emission results require PSA. Case 3 results in
the combination of Case 1 and 2, where the moderate reduction in cost and emission of

the former adds up to the high effect of the latter, in the overall best case scenario.

3.2.0ff-gas valorization

The off-gas composition as well as the potential energy produced in its combustion
process are shown in Figure 4 and Figure 5, respectively. The base case scenario Pareto
frontier after byproduct valorization is shown in Figure 3. Valorization as syngas holds
the minimum cost results while the use as energy is preferred in order to achieve the
lowest emission values. Note that the minimum production cost after off-gas valorization
as syngas is close to zero. This is due to the byproduct composition being mainly Hz with
barely no CO (Figure 4). It is clear that syngas and hydrogen are relevant products with
many applications and the manufacture of such valuable byproducts can economically
overshadow the main product yield. However, even if CO is theoretically less valuable
than Hz, its production is still mandatory in the chemical industry so as to synthesize a

wide range of value added products (Figure 1).
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Figure 4. Off-gas byproduct stream molar flows and compositions (Figure 3).
Compositions from bottom to top: methane, hydrogen, carbon monoxide and carbon

dioxide.

This hydrogen rich off-gas has another important feature. When producing energy, the
associated emission is way lower than that of natural gas combustion. This translates into
a more than appreciable CO2 abatement when substituting the fuel, with results slightly
below carbon neutrality, even though no CO2 consumption is achieved in the related
process configuration. Case 1 results are again similar compared to the base case.
However, the most striking difference is not in the main results (Figure 3) but the in the
off-gas production (Figure 4), where the overall quantity of byproduct is reduced as effect
of the fuel cell usage due to the off-gas being mainly composed of Hz. Furthermore, this
reduction is increasingly marked at lower emission configurations, to the point where

there is no byproduct production whatsoever. This decreasing off-gas yield at minimum
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emissions has yet another cause. The utilization of DMR as the reforming process vastly
increases hot utility consumption in comparison with POX. Therefore, less or even no
off-gas is produced due to its use as a fuel inside the system boundaries. This behavior is

reflected in the energy production (Figure 5), since it is closely related to the off-gas yield.
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Figure 5. Energy produced when valorizing the off-gas in the synthesis of CO (Figure 3).

Although production costs after valorization are still lower in the first two case studies,
results located in the Pareto frontier of Case 2 and 3 are situated well below the carbon
neutrality barrier (Figure 3). Note that both the minimum cost and minimum emission
solutions of Case 2 are lower than those of Case 3, even though the latter possesses the
additional feature of the fuel cell that should result in the opposite. The fuel cell consumes
some of the off-gas in order to produce energy, reducing the overall byproduct yield.
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Before valorization, this extra consumption has a positive effect in both objectives,
however, after valorization, the reduced off-gas production is noticeable as the byproduct
cost and emission input is lower, resulting in slightly best cases overall when only the

RWGS reactor is considered (Case 2).

Overall off-gas compositions (Figure 4) in the first two cases where no RWGS reactor is
involved are hydrogen rich, with H2/CO ratios well over 100 and only two cases being
slightly below 20. This off-gas can be utilized in ammonia synthesis, process that already
possesses a syngas to Hz upgrading (water gas shift reaction, WGS) and COz/methane
separation system [49]. The addition of the RWGS reactor (Case 2 and 3) evens out the
ratios, especially in the intermediate area where cost and emission are neither minimum
nor maximum. Many of these ratios revolve around the value of two, which is the optimal
composition for methanol and Fischer-Tropsch synthesis [50,51]. This syngas would be
especially useful in acetic and formic acid synthesis where the raw materials needed for
the most relevant synthesis routes are carbon monoxide and methanol [5,7], making these

three processes perfectly integrable.

3.3.Carbon dioxide consumption

The consumption of CO:2 for the production of CO in all case studies is shown in Figure
6. In the first two case studies (no RWGS inclusion), the minimum cost points are situated
below the zero consumption mark, which is equivalent to net production of CO2. These
solutions use POX (Figure 3) as their syngas reforming technology, which is not a CO2
utilizing process (in fact, it is produced in the reaction). As emission decreases, CO2
consumption soars to 0.8 — 0.9 kg CO2-eqg/kg, which is the consequence of using DMR
so0 as to produce syngas (Figure 3). On the other hand, when including the RWGS reactor,

CO2 is consumed in all solutions, even if only POX and ATR are used in the synthesis.
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Note that consumption steadily increases up to 1.1 kg CO2-eq/kg before falling again
between the range of 0.8 — 0.9 kg CO2-eq/kg. This behavior may seem contradictory but
it actually highlights a paramount matter: maximizing CO2 consumption is not
necessarily the best solution when the objective of a study is the reduction of the overall
emission of a process. This is the reason why the GWP indicator, that not only considers
CO2 consumption but also indirect CO2 emissions of other sources, is the best choice

when tackling a CO2 consumption study.
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Figure 6. Carbon dioxide consumption in the synthesis of CO.

4. Conclusions

Carbon monoxide synthesis and separation is a key step in the production of many
important bulk chemicals. This operation generates an off-gas byproduct which is often
hydrogen rich and ends up being used as fuel. In this work, we propose a process

superstructure in which different synthesis and separation technologies, alternative
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640

641

642

643

644

hydrogen utilization pathways and the possibility of consuming CO: in the process of
carbon monoxide synthesis are considered. The results show that the minimum cost (0.23
$/kg CO, 1.54 kg CO2-eq/kg CO) configuration (classic synthesis) requires partial
oxidation of methane (POX) and cryogenic distillation as the carbon monoxide synthesis
and separation technologies. On the other hand, when minimizing the emission, dry
methane reforming (DMR) and pressure swing adsorption (PSA) are the chosen
technologies, which achieve almost a 50 % reduction in GWP but increase the cost about
ten times compared to the base case. The inclusion of a fuel cell as an alternative hydrogen
sink reduces the overall cost and emission of the synthesis. Furthermore, adding a reverse
water gas shift (RWGS) reactor that consumes Hz and CO:2 while simultaneously
producing CO, results in a drastic reduction of the GWP (up to 1.9 kg CO2-eq reduction
per kg CO compared to the base case) and cost (close to 30 % in the best case), in addition
to achieving a CO2 consumption varying between 0.8 and 1.1 kg CO2/kg CO. The effect
of byproduct valorization further improves the results. The economic objective reaches
its minimum value when valorizing the byproduct as hydrogen/syngas, while emission is
minimum if the off-gas is used to produce energy, long surpassing the carbon neutrality

barrier (-0.83 kg CO2-eq per kg CO).
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Appendix A.

e Data and calculated parameters used in the optimization

See Table A.1 - Table A. 7.

Appendix B.

e Heat integration.

See Figure B.1 and Table B.1.

Appendix C.

e Relevant results of the multi-objective optimizations

e See Figure C.1 - Figure C.4 and Table C.1 - Table C.4

APPENDIX A

Table A.1. Raw material cost (o ) and emission (4,;) parameters used in the calculations

of the syngas synthesis section of the model [11].

Raw material Source o; [$/kg]  4; [kg COz-eq/kg] [10]
Methane Global market (96% volume) 0.2441 [34] 0.7038
Steam Global market (chemical industry)  0.0100 [44] 0.1830
Oxygen Cryogenic air separation unit 0.1550 [52] 0.6304
Carbon dioxide Amine absorption 0.0431 [35] 1.0000

Table A.2. Fixed ¢, and variable c} cost parameters of process unit i and type K used in

Eq.(10) [11].

Unit Cifk -10 [$] Ci\f( [$/capacity units]
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Compressor

Heat exchanger

Reformer furnace

Process vessel*

Fuel cell [41]

10.43

1.871

48.01

1.531

172.4

59.99

67.64

314.1

7.789-10*

660  *used for absorber columns, the phase separator and RWGS reactors.

661

662  Table A.3. Process utility u cost (¢,) and emission (6,) used in Egs.(16) and (17) [10].

Utility Source @, [$/kwh] 6, [kg CO2-eq/kWh]
Natural gas Heat production at industrial furnace 0.0092 [34]
Cooling water  Process cooling water (30°C to 40 or 45°C)  0.0013 [44]
Electricity High voltage 0.1305 [53]

663

664 Table A.4. Utility u consumption (a,) in process unit i and additional utility

665  consumption (b, ) binary parameter in process unit i used in Egs.(16) and (17).

a, [kWh/kmol j']

Process unit / Utility

Natural gas

Cooling water

Electricity Additional

Phase separator
CO: absorber
PSA H:
Cryogenic distillation
CO absorber [32]
PSA CO
Fuel cell
RWGSI reactor

RWGS?2 reactor

18.90

26.00
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666

667

668

669

670

671

672

673

674

675

RWGS3 reactor 32.96 - - -

RWGS4 reactor 37.29 - - -

*Note that the electricity consumption is calculated before the PSA units and hence it is

instead included in the cost and emission of the synthesis gas generation [11]:

/4
(7 )+ F’_i(y‘l]_
ooy

(41)
Vi e {syngas synthesis}

where power, is the electricity consumption, y is the capacity ratio fixed at 1.5, 7 is the

compressor efficiency fixed at 0.8, R is the universal gas constant in kJ/(kmol-K), T is

the inlet temperature (40 °C) , P is the working pressure of the synthesis gas reforming

technology and P is the inlet pressure of the separation technologies (30 bar).

Table A.5. Emission (y,) and cost () of additional utilities or combination of utilities

in process unit i used in Eqs.(16) and (17).

Process unit o [$/kmol |']  w,[kg CO2-eq/kmol ']

Phase separator - -

CO2 absorber* [35] 1.896 0.040
PSA H: - -
Cryogenic distillation* 1.991 [29] 16.44 [33]
CO absorber** 3.976 [32] 7.711[10,32]
PSA CO*** 0.271[32] -
Fuel cell - -

RWGS1 reactor - -

RWGS?2 reactor - -

RWGS3 reactor - -

RWGS4 reactor - -

*total operating cost and emission of the unit

35



676
677

678

679

680

681

682

683

684

685

686
687

**solvent and absorbent cost and emission

***adsorbent cost

Table A.6. Separation specifications (¢,,) of component j in side draw d and unit i

used in Eqg.(15).

Phase separator CO: absorption H2 PSA
Water CO: H: pure
CH.4 - - -
H2 - - 0.90
CoO - 0.96 -
CO:2 - - -
H20 1.00 - -
Cryogenic distillation CO absorption CO PSA
H2-rich Off-gas CO H2-rich Off-gas CO H2-rich co
CHs  0.95-0.05 - - 0.95-0.05 - - 0.95-0.05 -
H2 0.95-0.90 - - 0.95-0.90 - - 0.95-0.90 -
(6{0) - - 0.90 - - 0.99 - 0.99
CO2 0.95-0.05 - - 0.95-0.05 - - 0.95-0.05 -
H20 - - - - - - - -

Egs.(6)-(7) [11].

Table A. 7. Syngas cost and emission H2/CO molar ratio dependence used for correlating

H2/CO molar ratio Cost [$/kg] GWP [kg CO2-eq/kg]

0.0

0.254 [14]

1.859 [10]
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688

689

690

691

692
693

694

695
696

1.0 0.144 0.599

15 0.140 0.581

2.0 0.136 0.588

25 0.154 0.874

<100 1.580 2.192 [10]
APPENDIX B
Qh,
FC," AT,
QhOt Rl Qco|d

— 1 > st |—
ATy =T4-T, AT =TT 41q

T,>T,>.5T4,1>Ty

Qh1= FCphIAThl AThz :Tst-l-TSt :ATST'-I
Q"= FC,M AT, AT, =Ty-T; = AT, + AT,
Q= FC5AT AT, =Ty Ty = AT+t ATy + Al

Figure B.1. Transshipment problem [45] general example supporting the description of
section 2.4.3. Increments of temperature are taken arbitrarily.

Table B.1. Stream information for the transshipment problem in the proposed
superstructure (Eqgs.(25)-(27)).

Stream Process Tin [°C] Tout [°C] FCp [KW-h/°C-kmol j']

hl SMR 900 40 216

h2 POX 1197 40 99.5
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Stream  Process

Tin [OC] Tout [OC]

FCp [KW-h/°C-kmol j']

h3

h4

h5

h6

h7

h8

h9

h10

h11l

h12

h13

cl

c2

c3

cd

c5

c6

c7

c8

c9

c10

cl1

cl2

c13

cl4

cl5

cl6

cl7

c18

ATR

CR

CR

DMR

BR

TR

TR

RWGS1

RWGS2

RWGS3

RWGS4

SMR

SMR

POX

ATR

CR

CR

DMR

DMR

BR

BR

TR

RWGS1

RWGS1

RWGS2

RWGS2

RWGS3

RWGS3

RWGS4

1231

830.7

830.7

850

850

827

827

300

350

400

450

900

900

800

750

850

850

850

850

850

850

827

300

300

350

350

400

400

450

40

830.6

40

40

40

40

826.9

40

40

40

40

167.6

899.9

213.9

151.7

1714

849.9

40

849.9

211

849.9

142.8

40

299.9

40

349.9

40

399.9

40

171

885

196

129

193

271

237

238

238

238

238

265

1970

62.2

160

230

1570

74.5

2460

138

2.2

282

249

45.8

248

176

247

300

248
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Stream Process Tin [°C] Tout [°C] FCp [KW-h/°C-kmol j']

cl19 RWGS4 450 449.9 328
697
698
699 APPENDIX C
H,-rich
i
i ;
: (C—» Product CO
': i |
Water (e vl
Off-gas $
v
700 Byproduct,

701 Figure C.1. Minimum cost Pareto result configuration of the Base Case multi-objective
702 optimization (Figure 3).

703

704  Table C.1. Molar flow results [kmol/s] of Figure C.1.

Feed POXout Flashout CDin Hz-rich Byproduct Product

CHs 0.110 0.008 0.008 0.012 0.004 0.007 0.001
H20 - 0.006 - - - - -
Oz  0.055 - - - - - -
CO2 - 0.001 0.001 0.008 0.008 0.001 0.000
H> - 0.198 0.198 1.249 1.125 0.198 0.000
CO - 0.101 0.101 0.111 0.011 0.001 0.100
705
706
707
708
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Phase
separator

— (. i (—> Product CO

709 Fuel

710 Figure C.2. Minimum emission Pareto result configuration of the Base Case multi-
711 objective optimization (Figure 3).

712

713 Table C.2. Molar flow results [kmol/s] of Figure C.2.

Feed POXout Flashout PSA(H2)in PSA(CO)in Fuelgas Product

CHs 0121 0.009 0.009 0.009 0.009 0.009 0.000
H20 - 0.007 - - - - -
O: 0.061 - - - - - -
CO2 - 0.001 0.001 0.001 0.001 0.000 0.001
H> - 0.218 0.218 0.218 0.022 0.218 0.000
CO - 0.111 0.111 0.111 0.111 0.011 0.100
714
715
716
717
718
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719
720

721

722

723

Additional co, —()

H,-rich

CH, + steam + 0,

Phase
separator

Off-gas $
S

Byproduct,

Absober
[€o,)

(—> Product CO

Figure C.3. Minimum cost Pareto result configuration of Case 2 (RWGS inclusion)
multi-objective optimization (Figure 3).

Table C.3. Molar flow results [kmol/s] of Figure C.3.

Feed ATR out Flash out PSA (H2) in CDin

CH.4 0.039 0.000 0.000 0.000 0.000
H20 0.056 0.056 0.132 - -

02 0.024 - - - -

CO: - 0.008 0.021 0.000 0.000

Ha - 0.079 0.623 0.623 0.062

CcO - 0.031 0.111 0.111 0.111

H2-rich  Byproduct RWGS in RWGS out Add. CO: Product

CH.4 0.000 0.000 0.000 0.000 - 0.000
H20 - - - 0.076 - -
02 - - - - - -
CO: 0.001 0.000 0.089 0.012 0.088 0.001
Ha 0.059 0.003 0.620 0.543 - 0.000
CoO 0.004 0.007 0.004 0.080 - 0.100
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724

725
726

727

728

729

730

731

CHy + 0,

Additional co, —()

* POX

Phase
separator

Figure C.4. Minimum emission Pareto result configuration of Case 2 (RWGS inclusion)

Table C.4. Molar flow results [kmol/s] of Figure C.4.

multi-objective optimization (Figure 3).

Feed POXout Flashout PSA(H2)in PSA(CO)in
CH4 0.060 0.004 0.004 0.004 0.004
H20 - 0.004 - -
02 0.060 - - -
CO2 - 0.001 0.010 0.010 0.010
H2 - 0.107 0.510 0.510 0.051
(6{0) - 0.055 0.111 0.111 0.111
Fuelgas RWGSin RWGSout Add.CO: Product

CH4 0.004 0.000 0.000 - 0.000
H20 - - 0.056 - -

02 - - - - -
CO2 0.009 0.066 0.009 0.066 0.001
H2 0.051 0.459 0.403 - 0.000
Cco 0.011 0.000 0.056 - 0.100
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