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1 INTRODUCTION

This report summarizes the analytical improvements and model updates to the Integrated
Environmental Control Model (IECM) originally developed for the U.S. Department of Energy's
Pintsburgh Energy Technology Center (DOE/PETC) under Contract No. DE-FG22-83PC60271.
The result of that initial effort was documented in a final report detailing the background and
analytical basis for the IECM computer model (1). The current report, conducted under Contract
No. DE-AC22-87PC79864, builds upon that initial effort.

An overview of the current [ECM structure appears in Figure 1-1. Briefly, the IECM was
designed to permit the systematic evaluation of environmental control options for pulverized
coal-fired (PC) power plants. Of special interest was the ability to compare the performance and
cost of advanced pollution control systems to “conventional” technologies for the control of
particulate, SO2 and NOy. Of importance also was the ability to consider pre-combustion,
combustion and post-combustion control methods employed alone or in combination to meet
tough air pollution emission standards. Finally, the ability to conduct probabilistic analyses is a
unique capability of the IECM. Key results are characterized as distribution functions rather than
as single deterministic values.

In this report we document the analytical basis for several model enhancements and also
document updates to various process technology models described in Reference (1). Chapter 2
begins with a summary of refinements to the base power plant model representing conventional
technology. Chapters 3 through 7 describe several improvements for advanced post-combustion
control methods, including new models of byproduct recovery systems. Finally, Chapters 8 to 10
present several new models for pre-combustion control methods employing advanced coal
beneficiation techniques. Ilustrative examples of model applications are contained within the
various chapters. An additional Case study illustrating the use of the IECM for probabilistic
analyses and process evaluations appears in the Appendix.

A companion document to this report is the [ECM Technical Manual (2) that gives detailed
documentation of the IECM computer code and model default values. Other background
information is contained in Reference (1), upon which this report builds.
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Figure 1-1: Schematic of Control Model Technologies



2 ENHANCEMENTS TO BASELINE PLANT MODEL

The “baseline” power plant in the IECM is a plant consisting of a conventional PC boiler
with low NOy burners plus a selective catalytic reduction (SCR) system for NQO;; control, either a
wet or dry flue gas desulfurization (FGD) system for §O; removal and (depending on the choice
of FGD system) either a cold-side electrostatic precipitator (ESP) or fabric filter for particulate
control. Physical coal cleaning with post-combustion controls also is part of the baseline system.

Enhancements to the original model were made to improve the characterization of plant
streamn guantities and composition, update certain process performance algorithms and expand
the capabilities of the economic analysis modules. The sections below detail these enhancements.
The format employed throughout this report begins with a detailed nomenclature list to support
the equations used in each chapter.

2.1 Nomenclature

English Symbols
a Advalorem tax rate (fraction)
Ap Annuity factor per year (fraction)
Agverhead Overhead ash (fraction)
AC Annual cost (M$/yr)
AFUDC Accumulated funds used during construction (M$)
B Rate of return for bonds in current dollars (fraction)
Bj Booklife (years)
B Rate of return for bonds in constant dollars (fraction)
Byp Bypass (fraction)
C Weighted cost of capital or retum on investment (fraction)
Cash Carbon in collected ash (mass fraction)
Cco Carbon in fuel oxidized 1o carbon monoxide (fraction)
Ct Capacity factor (fraction)
Cidx Chemical Engineering Plant cost index for current year
Cidx » Chemical Engineering Plant cost index for year #
ck Chemical cost for k¥ level coal cleaning plant (78$/dry ton of cleaned coal)
CUnburned Unburned carbon (Ib carbon/ib fuel)
CCla Levelized carrying charge per year (fraction)
CCn Carry charges per year (fraction)
CCpv.n Cumulative present value of carrying charges per year (fraction)
Cp Heat capacity of fluid (Ba/R)
Cp' Specific heat (Btw/lb-mole ‘R)
Cp¥.avg Average heat capacity of flue gas at point # (Bw/"R)
S Rate of return for common stock in current dollars (fraction)

Rate of return for common stock in consiant dollars (fraction)
Temporary vatisble used in heat exchanger analysis (dimensionless)
Bnok depreciation per year including investment tax credit (fraction)
Fraction of capital cost financed by bonds

Depreciation schedule per year for tax purposes (fraction)

Direct capital cost (MS)

Cost coefficient for cleaning equipment (78$/dry ton of raw coal)
Nominal discount rate (fraction)



Chniler
Ec. g

Ewetfgd
cf

Cleak
er
EFND;
ES

fs;

FCF
hy(T)

Hhv
Hh\'nams
HR

HR.cycle
HRgieam

NNO
NTU

Ocomb
Ox

Parm
Pfuel

Weighted rate of return for preferred and common stock (fraction)
Excess air for boiler (fraction of stoichiometric air)

Cost of electricity (mills/k Whr)

Energy needed for thermal drier (Btwib of dry coal)

Energy needed o reheat flue gas (Btu/hr)

Apparent escalation rate of variable and fuel costs (fraction)
Inflation rate (fraction)

Electricity cost for ki level coal cleaning plant (78$/dry ton of cleaned coal)
Leakage air across the air preheater (fraction of stoichiometric air)
Real escalation rate of variable and fuel costs (fraction)

Emission factor for NOx (Ib equivalent of NO2 per ton fuel)
Emission standard (Ib/million Btu into furnace)

Mass fraction of component k in fuel (fraction)

Weight fraction of coal in stream i(fraction)

Fixed charge factor (fraction)

Enthalpy of component j in flue gas at temperature, T (Bu/lb-mole)
Higher heating value of fuel (Btu/1b)

Higher heating value of natural gas (Bow/fi3)

Heat rate of power plant (Btu/kWhr)

Gross cycle heat rate, includes the boiler efficiency (Bau/xWhr)
Steam cycle heat rate (Btu/kWhr)

Handy - Whitman electric utility cost index for current year
Handy - Whitman electric utility cost index for year #

Indirect charge factor (fraction)

Investment tax. credit (fraction)

Temporary variable used in levelization factor (fraction)

Losses from category i (fraction) -

Latent heat of vaporization loss (Btu/1b fuel)

Lower heating value of coal (Btuw/ib)

Total moisture content of coal (fraction)

Inherent moisture content of coal (fraction)

Surface moisture content of coal (fraction)

Pound moles of component j in gas at point # (Ib-mole/Ib fuel)
Molar flow rate of component j at point # (bsmole/r)

Mass flow rate of component j at point # (tons/hr)

Gross electrical output of power plant (MW)

Years of construction (integer)

Fraction of NOy that is NO

Number of transfer units (dimensionless)

Stoichiometric oxygen needed for combustion (Ibmole/Ib fuel)
Oxidation of calcium sulfite to calciurn sulfate (fraction)
Atmospheric pressure (psia)

Price of fuel ($/ton)

Guage pressure (inches of water)

Rate of retum for preferred stock in current dollars (fraction)
Fraction of capital cost financed by preferred stock

Ruate of retum for preferred stock in constant dollars (fraction)
Present value factor per year

Heat transfer (Bw/hr)

Moisture content of reagent (fraction)

Purity of reagent (fraction)



RBp Remaining balance per year (fraction)

RDy Retum on debt per year (fraction)
~ REq Retum on equity per year (fraction)

Sret Sulfur retained in bottom ash and fly ash streams (fraction)

Sso2 Sulfur in fuel oxidized to sulfur dioxide (fraction)

SE; Sensible heat losses from category i (Btu/lb fuel)

t Overall tax rate (fraction)

tdn Deferred income tax per year (fraction)

tf Federal tax rate (fraction)

tpa Taxes paid per year (fraction)

ts State tax rate (fraction)

Ty Temperature at point # ('R)

TDC Direct capital cost (M$)

TCC Total capital cost (M$/yr)

TCChp Total capital charges in a given year (current M$/yr)

TCE Total cash expended (M$)

TPI Total plant investment (MS$)

TRR Levelized total revenue requirement (M$/yr)

TRRy, Total revenue requirement in & given year (current M$/yr)

TVC Total variable cost without utilities (MS$/yr)

TVCy Total variable cost in a given year (current M$/yr)

UAaph Overall heat transfer coefficient times the surface area for the air preheater (Bru/'R)

vj Volume fraction of component k (fraction)

VCLF Levelization factor (fraction)

wk Water cost for ki level coal cleaning plant (788/dry ton of cleaned coal)

w Water content (fraction) '

Wevp Evaporated water in scrubber (Ibsmole/hr)

w' Weight of water evaporated in thermal drier per pound of dry coal processed (fraction)

w'e Weight of water evaporated in thermal drier (tons/hr)

Xj Electricity or steam consumption (x-action)

Y Mass yield (fraction)

Yi 'Mass yield of the stream i in coal cleaning plant (fraction)

Yod Ratio of coal mass exiting wash streams to coal mass exiting plant (fraction)
Greek Symwbols

& Equals 0 if wash stream i is not thermally dried and 1 if it is thermally dried.

Ah Enthalpy difference (Btu/lb-moie)

AT Temperature difference ('F)

€ Heat exchanger effectiveness (fraction)

1 Efficiency (fraction)

o Molar stoichiometry (fraction)

() Specific humidity of air (mass of moisture per mass of dry air)
Subcategories for Losses

c Losses from unbumed and incomplete combustion of carbon

Gas Sensible heat losses for dry flue gas

H20 Latent and sensible heat losses for moisture

R Radiation losses

Unace Unaccounted losses

Subcategories for Combustion Air and Flue Gas Components

CO

Carbon monoxids
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002 Carbon dioxide

H20 Moisture
N2 Nitrogen
NO Nitrogen oxide
NO2 Nitrogen dioxide
02 Oxygen
SO * Sulfur dioxide
SO3 Sulfur trioxide
Subcategories for Fuel Components
Ash Ash
Cc Carbon
H Hydrogen (monatomic)
H20 Moisture
N Nitrogen (monatomic)
0 Oxygen (monatomic)
Subcategories for Natural Gas Components
CHy Methane
CaHg Ethane
60, Carbon dioxide
N2 Nitogen
02 Oxygen
Subcategories for Solid Stream Components -
Ash Ash
Cad Lime ‘
CaCO3 Limestone
CaS03°.5H20 Hydrated calcium sulfite
CaSOg4 Calcium Sulfate
CaSO4+2H20  Hydrated calcium sulfate
H20 Water or Moisture
Misc Miscelilaneous
Subcategories for Stream Location
apho Exiting air preheater on combustion air side
botash Bottom ash stream
£cono Exiting the economizer
fdfan Exiting forced draft fan
fgl Located at point 1 in flue gas stream (see Figure 2-1)
fg2 Located ai point 2 in flue gas stream (see Figure 2-1)
fg3 Located at point 3 in flue gas stream (gee Figure 2-1)
fgaphi Entering air preheater on flu: gas side
fgapho Exiting air prehester on flue gas side
fuel Fuel stream
fum In furnace after combustion
Jeak Leakage across air preheater
stack Entering stack

unc “Uncorrected” flue gas temperature 0



Subcategories for Uti!ity Consumption

c Cooling system .

f Fans '

misc Miscellaneous

) Pulverizers

sp Steam pumps
Subcategories for Economic Variables

fuel Fuel charges

non Non fuel charges

util Utility charges, i.e. steam and electricity consumption (M$/yr)

w/o cC Without coal cleaning

w/o util Without utility charges
Subcategories for FGD Variables

evp Evaporated

max Maximum

min Minimum

reag Reagent

rem Removed

rh Reheater

S Sulfur or sulfur compound

sd Spray dryer

sat Saturation

sludge Sludge exiting bottom of scrubber

SO, Sulfur dioxide

std Based on emission standard

TSP Total suspended particulates in flue gas
General Subcategories

aph Air preheater

bp ' Base power plant

c Coal exiting the washing equipment

credit Credit

d .Thermal drier

delia Change between current and criginal

exit Exiting device

ff Fabric filter

in Entering device

natgas Natural gas

new Current or modified

o Final product of coal cleaning plant

orig Original or without pollution control equipment

oil * Fuel oil

op Overall power plant (including pollution control equipment)

out Exiting device

p Cleaning equipment in coal cleaning plant

pce Pollution control equipment

ref Refuse stream in coal cleaning plant

ROM Run-of-mine coal

t Overall coal cleaning plant

total Sum or total

v



22  Stream Properties and Composition

This section describes how the [ECM calculates the quantity and quality of solid and gaseous
streams in fossil-fuel fired power plants. A schematic of the solid and gaseous streams for the
base power plant is shown in Figure 2-1. These basic streams are always present in the model. As
the plant is configured with pollution control equipment, additional streams are created and the
equations defining the streams in Figure 2-1 may be modified.

The phrases in quotation marks in Figure 2-1 are the stream labels. They are used as variable
subscripts in this documentation to show the variable location in the power plant. For example,
the varizble Tegaphi refers the temperature of the flue gas at the air preheater inlet. The subscripts
“fg1”, “fg2” and “fg3” refer to locations downstream from the air preheater. Pollution control
cquipment is placed between these locations. For exarnple, an ESP is placed between “fgapho”
and “fgl1”. The variables at “fgapho” and “fgl” are respectively the inlet and outlet variables for
the ESP. The equations for some variables at “fgl” ars redefined to reflect the changes caused by
the ESP. The following section describes in more detail the stream variables and their equations.

2.2.1 Fuel and Other Sclid Streams

This section describes the fuel and other solid streams in the base power plant. The IECM
tracks the following chemical compounds in most solid streams (tons per hour): final ash, lime,
limestone, hydrated calcium sulfite, calcium sulfate, hydrated calcium sulfate, moisture and
miscellaneous!. The total mass flow of any stream is the sum of these chemical compounds. For
the fuel stream, the total mass flow rate is determined instead of the mass flow rates of the
chemical components. .

Oil or natural gas is added to coal in the IECM as boiler fuels. The model requires the
following property variables for coal and oil:

Hhv Higher heating value of the fuel (Btu/ib)

fash Ash content (mass fraction)

fc Carbon content (mass fraction)
fu Hydrogen content (mass fraction)
fH20 Moisture content (mass fraction)
fN Nitrogen conient (mass fraction)
fo Oxygen content (mnass fraction)
fs Sulfur content (mass fraction)

For coal and oil these variables define the ultimate analysis of the fuel. Natural gas analysis
usually reports methane, ethane, carbon dioxide, nitrogen and oxygen content on a percent
volume basis and the higher heating value in Btu per standard cubic foot. The standard
temperature and pressure are 80°F and 30 inches of mercury respectively. Therefore the input
parameters for natural gas are:

Hhvpagss Higher heating value of the natural gas (Bu/fd)

VCH4 Methane content (volume fraction)

VC9Hs Ethane content (volume fraction)

1 Theexcepu‘onsmmefwmandmwwﬁdsmmuwdbypouuﬁmmnnqlequimw For cxample a
wet scrubber hias & lime or limestone slurry, which only contains the reagent plus tiscellancous material.
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vCO2 Carbon dioxide content (volume fraction)

VNz
vO2

Nitrogen content (volume fraction)
Oxygen content (volume fraction)

Figure 2-1: Schematic Diagram of the Gaseous and Solid Streams in [ECM

Fuel
"fuel"

FURNACE

Since the analysis of natural gas is not in elemental units, it has to be converted to the mass
fraction of carbon, hydrogen, nitrogen, oxygen and sulfur. In addition, the higher value has to be
converted to Btu per pound. Natural gas is assumed to behave as an ideal mixture, so volume
fractions are equivalent to molar fractions. Therefore, the average molecular weight and density

are estimated by?

"bottornash”

2 The values for the densities are from “Combustion: Fossil Power Systems” (3)
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The higher heating value on a mass basis can be determined by dividing the hxghcr heating
value on a volume basis by the density.

Hhy = mwnnﬁn

Pnatgas

The mass fractions of carbon, hydrogen, nitrogen and oxygen are found by determining the
mass of the individual components (i.e. carbon, hydrogen, etc.) and dividing by the average
molecular weight. Since the natural gas is assumed to be free of ash, sulfur and moisture, these
values are set to zzro.

f = 12:01vem, +24.02vey, + 12.01vco,
Muszes

fy = 4.04vc}i‘ +6.06veH,
Muatges

fN = 28.01VN:

Musges

32.00vo, + 32.00veo,

fo= =3
Muatges

fash=fs=f,0=0

With the fuel characteristics it is possible to calculate the mass flow rates and composition of
the gaseous and solid streams in the power plant. The mass flow rate of fuel must be calculated
first.

The base power plant is sized to produce & specified amount of electricity, MWy, which is the
amount of electricity that the generators produce. The amount of fuel needed to produce the gross
electric capacity, MW, depends upon the gross cycle heat rate, boiler efficiency and higher
heating value of the fuel. It is determined by

MWE !&!cle

Mad === Hhv

where




The gross electrical capacity, steam cycle heat rate and the higher heating value of the fuel
are input parameters. The boiler efficiency is calculated and described in more detail in Section
2.3,

With the mass flow rate of fuel determined, it is now possible to determine the mass flow
rates of the other solids streams in the power (e.g. the bottom ash or flyash). The solids produced
by combustion are from three sources: ash in the fuel, sulfur retained in the ash and any unburned
carbon. The mass from sulfur in the ash and the unburned carbon is accounted for in the variable
Miun.misc. The base power plant does not inject lime or limestone slurries into the flue gas
stream. Therefore, mass flow rates of lime, limestone, calcium sulfate, hydrated calcium sulfate
calcium sulfite and moisture are zero.

Méum, esh = fAsMaed 5 Mg Misc = (f5Sret + fcCunbumed) Miual

Mﬁm‘k =0 for k = Ca0, CaCQO3, CaS03+0.5H,0, CaSOQ,, CaS04°2H,0, H,0

The unbumed carbon is a solid entrained in the bottom ash and flyash streams. Utilities
measure the fraction of carbon in their collecied ash streams. This value is called the percent
carbon in refuse and is used in the following formula to determine the amount of unburned
carbon per pound of fuel. '

C =f., —Cash_ (2.1)

The solids p}oduced by combustion can either exit the furnace with the flue gas or drop out
the bottom of the furnace. The fraction that exists with the flue gas is the overhead ash fraction
and is a function of the furnace design and coal rank. The bottom ash flow rate is determined by

Mbotash.k = Mam .k (1 - Aoverhead) forallk

The solids exiting the economizer is equal to the overhead ash fraction times the solids
produced by combustion.

Mwono.k = anm,k Aoverhead forallk

For the base power plant, no pollution control equipment can change the mass flow rates of
solids in the flue gas. The mass flow rates of solids at each location are the mass flow rate of
solids at the previous location. When pollution control equipment is added the definitions of
these variables change depending upon the specific choice of equipment.

11
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Msnck.k = Mf;S.k = Mfgz.k = Ml&l,k = Mtglpho.k = M&aphi,k = Ma:ono.k for all k

2.2.2 Air and Flue Gas Streams

This section describes the gaseous streams in the base power plant. The IECM tracks the
following chemical compounds in all gaseous streams (lbsmole/lb fuel and Ibsmole/hour):
diatomic nitrogen, diatomic oxygen, moisture, carbon dioxide, carbon monoxide, sulfur dioxide,
sulfur trioxide, nitrogen oxide and nitrogen dioxide. At every location in Figure 2-1, the IECM
determines the gaseous stream flow rate in lbemole/lb fuel and bsmole/hour. The gaseous stream
variables with units of 1bemole/Ib fuel describe the gas stream created by the base power plant.
They do not change as pollution control equipment is added. These variables are needed by

different algorithms in the IECM for comparison with the base power plant3. The gaseous stream

variables with units of Ibsmole/hour describe the gas stream for the current power plant
configuration. |

The gas streams are assumed to act as ideal mixtures and obey the ideal gas law. Therefore, . .

the total value of a stream property can be determined by summing the values of the property of
the individual components. Since the gases obey the ideal gas law, the enthalpy is a function o:
temperature only. The enthalpy functions are described in more detail in Section 2.2.3. The total
volumetric flow rate and enthalpy of a gaseous stream are determined by

: 1545 T
¥ TE 6D Pum + 00361278y 2 S

9
h(T) = ), hy(T)"
j=1
The IECM assumes that dry air consist of 79% nitrogen and 21% oxygen. The specific

humidity is an input parameter. The volumetric fraction of nitrogen, oxygen and moisture can be
determined from

i = 0.79 079
tT ]+ Q928,01 + 0.21%32.00 , ~ 1+ 16010
18.02

= L60lw . e 021
VHO= T 601w * '2*" T+1.60lo

The amount of oxygen needed for stoichiometric combustion of the fuel is the sum of the
oxygen needed to convert of carbon to carbon dioxide, hydrogen to water and sulfur to sulfur

3 The boiler efficiency algorithm uses the gascous stream variables in units of Ibsmole/lb fusl to prevent a cyclic
d@endcncybetwemtheboﬂacmcmymdﬂwmnowmoﬁm




dioxide minus any oxygen in the fuel. To minimize incomplete combustion losses, the
combustion air entering the furnace is more than the stoichiometric air requirement. This
additional air is called excess air and is an input parameter.

_ fe o fu . fs  fo
Ocomb = 1567 * T01 * 32.06 ~ 16.00

YN;(1 + boiter) Ocomb Vi1 + epoiter)Ocomb
Mgpho,N; = Nz( e::;:g) comb » Mapho,H,0 = Hz0( :boozlla')ommb

Mgpho,0, = (1 + Cboiier)Ocomb ; Mapho,j = 0 for j = CO,,C0O,50,,503,NO,NO;,

mwhovj = 2000 MM mwho.j

The leakage air across the air preheater is based upon the stoichiometric air requirement and
is an input parameter. The air entering the forced draft fans is the sum of the leakage air and the

~ air entering the furnace. g

V(1 + €leak)Ocomb - VH,0(l + €1ea)O
2 Vo, com ' Micak HO = :0( V(;:k) ‘comb

Miesk,N; =

Mieax,0; = (1 + Cleak)Ocomb + Mieak,j =0

for j = COz, CO, NO, NO2, SOz, SO3

Miear,j = 2000 Mga Mieak,j

Mgifun, j = Wapho,j + Mieak,j * Midfan,j = Mapho,j + Mieak,j

The products of combustion are determined by specifying extent of combustion for carbon,
sulfur and nitrogen and an emission factor for NO2. The carbon in the fuel can oxides to carbon
monoxide or carbon dioxide or it can remain unburned. The amount of unburned carbon,
CUnburned. is determined with Equation (2.1). The amount of carbon monoxide is determined by
the input parameter Cco, the fraction of carbon that oxidizes to carbon monoxide. The sulfur in
the fuel can oxidize 1o either sulfur dioxide or sulfur trioxide. It also can be captured in the ash.
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The amount sulfur retained in the ash is determined by the input parameter, Syer. The amount of
sulfur dioxide is determined by the input parameter Ssq,. The nitrogen in the fuel can remain
unchanged or oxidize to nitrogen oxide or nitrogen dioxide. The amount of NOx formed is
controlled by the NO2 emission factor. The units of the NO; emission fac:or for coal, oil and
natural gas are pounds NO; per ton, pounds NO2 per thousand gallons and pounds NO2 per
million cubic feet respectively. The NO; emission factor for oil is converted to pounds NO3 per
ton if the density of oil is 7.8 pounds per gallon (4). The fraction of NOj that is nitrogen oxide is
determined by the input parameter Nno.

Zm EFnuE.; - 2X10’3 EF“"E.
1,000,000Pne1gas Pnatgas

2000 - .
EFNO] w 0. 2564EF°“ » EFN()2 =
With these parameters, it is possible to find the combustion products from a molar balance of

the air and the fuel entering the furnace.

_ fi EFno,
Mfym, N; = Mgpho,N; + 2%14.01 " 2% 46.01 * 2000

_fo__ fc (- Cunbumed-0.5Cc0) .. fy

Mium,0, = Mpho.0; *+ 33776 56 12.01 3%1.01
fs (1-Sr)(1.5-0.58s0,) EFno, (1 -0.5NNo)
~ 32.06 46,01 * 2000

= -....—H..—- .._.Q..
fifum, H:0 = Mapho. B0 + 3371 5T ¥ 13,02

)

fc (1 - Cunbumed - Cco) .

f
Mfum,CO; = Mapho,CO; + 12.01 * M, CO = Mapho.CO * 17 01
fs Sso, (1- S fs (1 - SsoX1 - Ser)
M, SO, = Mepho, 0 + = 5%2(06 =) | g S0, = Mepho,503 + s ( 3303(6 et
_EFno, Nno_ EFno, (1 - Nno)

Mfum,NO = Mepho,NO + 701545000 * Mum.NO; = Mepho, NOx"' 46,01 * 2000

Wi, j = 2000 Mg M, j

The flue gas flow rate remains the same until it exits the air preheater in the base power plant.
At the air preheater, the leakage air is added to the flue gas. Pollution control equipment do not



alter the flue gas flow rates after the air preheater in the base power plant. The molar flow rates
of the gases at each location are defined to be the molar flow rate of the gases at the previous
location. When pollution control equipment is added, the definitions of these variables will
change depending upon the specific pollution control equipment added.

Mfgaphi,j = Mecono,j = Mfum,j ; Migaphi,j = Mecono,j = Mfum, j
Migapho,j = Migaphi,j + Mieak,j ; Migapho,j = Migaphi,j + Mieak,j

Mgtack,j = M3 j = Mfg2,j = Mfg1, j = Migapho,j

Mgack,j = Mig3,j = Meg2,j = Mg1,j = Migapho,j -

223 Thermodynamic Data

This section documents the thermodynamic data used in the [ECM. This data includes the
heats of reaction for chemical processes occurring in the copper oxide, NOXSO and sulfuric acid
plant systems. All the data except the enthalpy for the alumina substrate is from Barin and
Knacke (5) or Barin, Knacke and Kubaschewski (6). This data is from the SMC report (7). All
the enthalpies are set 70 zero at 77°F and are assumed to be at a constant pressure. The heats of
reaction and formation are calculated at this temperature. Although most data are shown to four
significant digits, at least six significant digits were used to calculate the heats of reaction.4 Table
2-1 shows the heats of formation for 18 species. Table 2-2 shows the heats of reaction for 21
chemical reactions. ‘

The enthalpy data for all the compounds is obtained by integrating polynomial correlations
for the specific heat at constant pressure between 77°F and the specified temperature. The
correlations are in cal](gwmole OK), except the alumina substrate, and must be converted to
Brw/(Ibsmole OR). The polynomial correlations are shown below. The values of the constants for
all the species are shown in Table 2-3.

Cp=A +Be?T + S}fi} + De$T2 (2.2)

The correlation for the alumina substrate in J/(g-mole °K) is B

4 All the original data are in metric units and had to be converted w English units.

15
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= Ae? + Be 3T + C&2 . Des
Crano, = T

Integrating Equation (2.2) with respect to temperature and choosing 298.15°K as a reference
temperature gives

m .
h('l')=f (A+Bc-3Tn+QT§-+ De6T2|dT

h(Tx) = AT +§,‘.=;23_'!QK- gré_+ 25;1‘31; (2.3)
K ‘

A 298.15 + Be2298,152 2 2-—52&—-298 15+Ds=-_22&--15‘--*’ 2 3)

Next, evaluate Equarion (2.3) and substitute Hagg for the sum of the terms evaluate at
298.15°K. Converting this from cal/g-mole to Btu/lbsmole by multiplying by 1.8 gives

3 6
b= 1.8ATe + 82Tk 18000, LADETT ) gy

Yet the input temperature is still in degrees Kelvin and it is desirable to the temperature in
degrees Rankine. Substituting Tk = Tg/1.8 gives

1.8ATg | 1.8Be3T} 1 g2ces  1.8DesTh
h(Tp) = =7 il Ty 3‘1 o 8H208.15

Simplifying h(TR) yields

h(Tg) = ATg + BTR . 3.24Ce8 | De*T}

2.4)
36 T o7z EHRIs

Equation (2.4) is used as a function for all the species except the ﬂumim substrate, since its

units are Btu/lb and the correlation for the specific heat has a different form. The final form of
the enthalpy equation for the alumina substrate is

baLoy(TR) = 0.23901{ Ae?Tg + 2R B@T + CeWT2TR - 3-24129‘3 1.8Ho08. 15)/ 102

The constant 0.23901 converts joules to calories. 102 is the molecular weight.



Table 2-1: Standard Heat of Formation

‘ | Species

Ho (7T7°F)

Btw/lbemole
CHy -32,180
(6.0) -47,560
CO2 -169,300
COSs -61,020
Cu 0
Cu0O -67,050
CuSOq4 -331,300
Hj 0
H20 -104,000
HjS -8820
Ny 0
NH3 -19,760
NO 38,840
NOy 14,240
O 0
32 55,350
SO, -127,760

-170,300

@ s

17
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Table 2-2: Heats of Reactions

Reaction AH (7T7T°F)

Btu/lbemole
CHs + Oy = COp + 2H20 345,200
CO +0.502 = CO, -121,700
COS + 1.502 = COy + SOy -236,000
COS + 1.8502 = CO2 +0.3502 + 0.7503 -265,800
Cu +0.502 = CuO -67,050
CuO + 0.25CH4 = Cu + 0.25CO, + 0.5H20 -19,240
CuO +CO =Cu+CO2 -54,68C
CuO + Hz = Cu + H20 -36,980
CuO + SO + 0.507 = CuSOq4 -136,500
CuO + SO3 = CuSOq4 193,940
CuSO4 + 0.5CH4 = Cu + SO, + 0.5CO7 + H20 30,980
CuS0O4 +2C0O = Cu + SOz + 2CO2 -39,910
CuSQ4 + 2Hp = Cu + SO2 + 2H20 -4500
H2+0.500=H; 0 -104,000
HsS + 1.507 = H20 + SOz -222,900
HjsS + 1.8502 = H20 + 0.3S02 + 0.7S03 -261,500
NO + NH3 + 0.250; = N2 + 1.5H20 -175,100
NO3 + 2NHj3 + 0507 = 1.5N2 + 3H20 -286,800
Sy 4+ 20y = 2802 -255,400
Sz +2.702 = 0.3*2*S0; + 0.7%2*S03 -315,000
SOz +0.502 =803 -42,570




Table 2-3: Constants for the Specific Heat Correlations

Species A B C D Hygg1s  Temperature
cal/g-mole -Rz};\(gc

CHy 2675 18329 0346 4303  1,547.6  298-2000
co 6.790 0980  -0.110 - 2,049  298-2500
cOz 10.550 2160  -2.040 . 39257  298-2500
oS 11.330 2180  -1.830 . 40887  298-1800
Cu (s) 5.940 0905  -0332 . 19226  298-1357
CuO (s) 10.476 4007  -1.406 . 37731 298-1359
CuSO4 () 17.545 36532 2942  -17.110 . 7,6904  298-1078
Ha 6.520 0.780 0.120 . 19384  298-3000
Hy0 7.170 2.560 0.080 . 22247  298-2500
HaS 7.020 3.680 - . 22566  298-1800
Na 6.660 1020 - . 2,030  298-2500
NH3 6.165 7.558 0.084 2,1459 298 - 800
12.601 2500  -15231 . 759055  800-2000

NO . 6.616 1.778 0036 0342 20606  298-3000
NO2 8.529 5475 1124 -1514 3,499  298-1500
12.848 0.305 - . 544056 1,500- 3000

02 7.160 1000  -2.400 . 23134  298-3000
Sa 8.720 0160  -0.900 . 29088  298-2000
SOz 10.380 2540  -1420 . 36840  298-1800
503 13.658 653  -3086  -1.847 49724  298-2000
ALO3 (5)7 1.534 1.968 9006  -2.031 20,804 298 - 1800

Nowaﬂspeciesmnmedmbcpswus.cxcmwmm

~§ON A

Value of enthalpy at 800°K.
Value of enthalpy at 1,500°K.
Units of correlations J/(g-mole 'K)



20

| 23  Boiler Efficiency

This section describes the algorithm used to calculate the boiler efficiency. The boiler
efficiency is determined for a power plant without any pollution control equipment. This fixes
the amount of fuel entering the furnace. Any changes in the energy efficiency of the boiler
caused by pollution control equipment is considered by the energy credit algorithm. The air
preheater is described in more detail in the next section. Yet, it is necessary to understand that the
air preheater is divided into an ideal heat exchanger (i.e., no leakage) followed by a section
where air leaks into the flue gas (see Figure 2-2). The uncorrected air preheater temperature,
T unc.origs i the flue gas temperature after the heat exchanger.

The boiler efficiency in the IECM is based on the algorithm in “Stcam/ Its Generation and
Use”, by Babcock and Wilcox (8) and “Combustion, Fossil Power Systems”, by Combustion
Engineering, Inc (9). The boiler efficiency is the energy absorbed by the steam cycle divided by
the energy in the fuel. The energy that is not absorbed by the steam cycle is lost to the
environment. These losses can be categorized into five areas:

« sensible heat loss of the dry flue gas

» sensible and latent heat loss from water vapor

+ unburned carbon and carbon monoxide

+ radiation loss

* unaccounted losses

Therefore, the boiler efficiency is

T\boilu=1’l-ﬁu'LH:O;l-C'LR"LUmcc

The sensib.c heat loss of the dry flue gas is the energy that could be used if the dry flue gas
were cooled to the inlet air temperature of the air preheater, Ttdfan orig- The inlet fuel temperature
is assumed to be the same as the combustion air. This energy loss in Btu per pound of fuel can be
defined as \

8
SEge = z Mg aphi, j.oﬁ;(hjnmoﬁg) - hj(’rfdﬁm.oﬁg))
jul

where j equals all the flue gas components except H2O
This energy loss can be expressed as a fraction of the fuel's energy content by dividing it by
the higher heating value.

S
-

The heat loss due to water vapor in the flue gas can be split into the latent heat of
vaporization and the sensible heat loss. The latent heat loss is the energy that could be used if the
water vapor in the flue gas was condensed. Every pound of water vapor that is condensed
releases 1,040 Bru of energy. The water vapor in the flue gas is produced by the vaporization of




moisture in the fuel ax\xd the combustion of hydrogen in the fuel. The latent heat loss can be
calculated as follows: :

LE = fi p*ﬁ%ifi)l 040

The sensible heat loss due to water vapor is the energy that could be used if the water vapor
could be cooled to the inlet air temperature, Tidfan,orig- This energy loss can be calculated as
follows:

SEypo = mfglphi.ﬂzo.oriz(thO(r unc.orig) - hH0(Tidfan,orig))

* The total loss from moisture expressed as a fraction is the sum of the latent heat and sensxble
heat losses divided by the higher heating value of the fuel.

Lyo =+ SEng

Hhv

Since the fuel’s higher heating value is based on the complete oxidation of carbon to carbon
dioxide, the boiler efficiency has to account for energy loss from unburned carbon and carbon
monoxide. Pure carbon has a higher heating value of 14,100 Brw/lb. The energy lost per pound of
unburned carbon is 14,100 Btu. For every pound of carbon converted to carbon monoxide, 9755
Btu of energy are lost. ‘The total energy loss due to unburned carbon and carbon monoxide is

L = (12.01%9,755mgaphi,co + 14, 100CUnbumed) / Hhv

The loss from radiation exchange with the surroundings is estimated based on Figure 27 in

reference (8) and Figure 6-5 in reference (9). Modem utility boilers usually have four water

.cooled walls and range in output from 800 to 6,000 million Btu per hour. Therefore, this curve
was fitted to the following equation between 800 and 6,000 million Btu per hour:

Lg =0.0015 + —-$000
R MW, HR;1eam

There are other minor losses that are not determined in this algorithm. An example of one of
these losses is the sensible heat loss from the ash exiting the boiler. Theses losses and other
miscellaneous tolerance errors are entered as an input parameter in Lijpace.

24 Air Preheater

This section describes the performance and economic algorithms for the air preheater. Figure
2-2 shows a schematic the air preheater. The purpose of the air preheater is to heat the
combustion air entering the boiler by cooling the flue gas exiting the boiler. Typically, there is a
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significant amount of leakage between the inlet boiler air and the outlet flue gas. The model

assumes that the mixing due to the leakage air occurs independently of the heat transfer across
the heat exchanger. This allows separate consideration of the effect of the leakage air and the
characteristics of the heat exchanger. The heat exchanger is assumned to be & counterflow type.

Figure 2.2: Schematic Diagram of Air Preheater
AIR PREHEATER

L} fgphi »

The air preheater algorithms must calculate the per{srmance of the air preheater for a power
plant with and without pollution control equipment so that the effects of adding pollution control

equipment can be determined. When the term “original™-or “design” s used to describe a

parameter, it signifies that the parameter is determined for a power plant without polluton
control equipment. The term “modified” or “actual” signifies that the parameter is determined for
a power plant with pollution control equipment. The purpose of the air preheater model is to
calculate o

» the design “uncorrected” air preheater temperature for the boiler efficiency algorithm

s> the original amount of heat transferred by the air preheater

» the original size of the air preheater

 the actual “uncorrected”™ air preheater temperature

« the actual amount of heat transferred by the air preheater

« the difference in the amount of energy captured by the air preheater due to the addition of

pollution control equipment

 the new size of the air preheater if requested

« the additional capital cost for a larger air preheater if requested

The “uncorrected” flue gas temperature, Tyunc orig, Can be determined from an energy balance
of the streams “leak”, “fgaphi” and “fgapho” shown in Figure 2-2. This energy balance is shown
below, where the temperature of the flue gas exiting the air preheater, Tggapho,orig, and the
leakage air temperature, Tiegk orig, are known.

9 9
z (mieak ;. orighj{Tieak.orig) + Migaphi,j,orighj(Tunc,orig)) = Z Wigapho, j,orighj (Tigapho,orig)




Stream “fgapho” is equal to the sum of streams “leak” and “fgaphi”. Therefore, the energy
balance can be rearranged as follows

9 | 9
z mfgaphi.j.oﬁg(hjcruw.oﬁg) - hj('rfgupho.orig)) = Z mluk,j.oﬁg(hj(rfgnpha.oﬁg) - hj(rleak.oﬁg))

j=1 , j=l
The temperarure difference between Tigapho,orig 21d Tunc,orig is usually less than 40°F, so the
left hand side of this equation can be estimated by the average heat capacity times the
temperature difference between Tunc,orig and Tigapho,orig: The average heat capacity is estimated

z mlclk.joofis(hj('rfsmho_oﬁs) - hja‘lm.oﬁl))
T = +T .
e Cpigaphi,avg,orig fgwpho.orig

where
9
2 mfgnphi.j.mig(hj(rfguphmori;"‘“*o) - hj(rfgnpho.oﬂg))
ot
Cpm.nvz.oﬁ; =1 20

The amount of energy transferred from the flue gas to the combustion air for a power plant
without pollution control equipment is

9
Quoh,orig = 2000Mgua Y, Mitgephi,j,orig(hj(Ttgaphi,orig) - hj(Tunc,orig)
= '
The temperature of the combustion air exiting the air preheater is typically less than 535°F. It
can be estimated by

Tnpho orig = Qph.ori&

+ Tﬁdfm.orig

where

9
Y Mughoj.origh(985) - hj(Tssten,orig)
j=1

CPapho, avg.orig = 985 - Tedtan,orig

The size of the air preheater is estimated by the quantity UA, where U is the overall heat
wransfer coefficient and A is the surface area. For a given heat exchanger, the heat transfer can be
estimated by the cquation below, where the subscripts “i” and “0” represent “in” and “out” and
“h” and “c” represeat “hot” and “cold” respectively (10).

Q= UA|(Th,i - Te.o) - (Tho - Teil] -
Th,i - Teo ‘
Tho - Tei




Solving the above equation for UA for the original air preheater. Substituting the appropriate
subscripts yields

UAmh.orix leh.og’g In I{glphi.orig - Tlpho.orig }(2.65)

-(ngnphi.orig - Tlpho.orig) - (Tum.orig - de&n.orig) Tm‘moxig = ifdfan,orig

Certain pollution control equipment, such as the copper oxide and NOXSO processes,
significantly change the composition and temperature of the flue gas entering the air preheater.
These changes may increase or decrease the amount of energy captured by the air preheater or
Change the exit temperature of the flue gas exiting the air preheater. Two cases can be
considered. The first (or base) case is using the original air preheater without modifications. The
alternatve is to resize the air preheater so that additional energy can be captured by the air
preheater.

For the base case, the original air preheater is used so its size is fixed and the overall heat
transfer coefficient is assumed to be constant. Therefore, the known values are

* flue gas flow rate, mygaphi and inlet temperature, Tegaphi

* combustion air flow rate, mgpho and inlet temperature, Tdfan,orig

» leakage air flow rate, IDjeak orig and inlet temperature, Tieak orig

* the product of the overall heat transfer coefficient and surface area, UA

It should be noted that Mapho, Mfgaphi and Trgaphi are known, but their values may be
different from their value for the original power plant without pollution control equipment.

The output parameters are the energy transferred across the air preheater, Qaph, the flue gas
exit temperature, Ttgapho» the “uncorrected” flue gas temperature, Tync and the combustion air
exit temperature, Tapho. To simplify the algorithms the average heat capacity of the flue gas
entering the air preheater and the combustion air exiting the air preheater is determined.

9,
z Mapho,j(hj(Tegaphi-100) - hj(Tesm, orig))
j=1

CPapho,avg = Ttzephi-100 - Tiagen, orig

9
Y. mtgaphi, 0 (Tgephi) - hj(Tigepho.inpu)
jul

Crigaphi,avg = Tgephi - Tigapho,inpu

The variable Ttgaphosinput 18 the new flue gas exit temperature when the air preheater is
resized. It is used for the base case as a matter of convenience to determine the average heat
capacity of the flue gas. Once the average heat capacities are calculated, the “uncorrected” flue
gas temperature, Tigapho, is determined using the effectiveness-NTU method. The effectiveness,
€, is the ratio of the actual heat transfer rate for the heat exchanger to the maximum heat transfer
rate.

- Q - Cph(Th.i’Th.o) 2.5)
Qmx  CPmin(Thi - Te.i)

€



The subscript “min” indicates the stream with the lower heat capacity, while the subscript
“max” indicates the stream with the higher heat capacity. For a counterflow heat exchanger with
both fluids unmixed, the effectiveness can approximated with the following relation.

B
-G

In fossil fuel fired power plants, the hot fluid stream (flue gas) is significantly larger than the
cold fluid stream. Therefore, the hot fluid stream has 2 greater heat capacity rate than the cold
fluid. Equations (2.5) and (2.6) can be solved for Th,o by substituting C¢ for Cmin and Cy, for

Cmax and eliminating €.
1- cx;{»N'I'U'l - ——-———gp“‘i“ )]
Pmax /] 2.7

Tro=Thi- (Thi-Te:)
h.o h,i (Th.l c.ucph ) cx:{- ( {1 ] Cpmin)]
Cpc Cpmu

The number of transfer units (NTU) is a dimensionless parameter in heat exchanger analysis
and is

NTU= -UA_

min
Since UA is known, the term in the exponential of Equation (2.7) can be replaced by

o 2wt oo

Therefore, Equation (2.7) can be written as

Th.o= Thi - (Thii - Tc.i)—l-'—‘d—

Cpn . e
Cpe
Substituting the appropriate subscripts for the air preheater into the above equations yields
- ed
Tunc= nglphi - (ngxphi - Tgdtan) cp 1 - <
=Plgzphiavg o4
Cpapho.avg

d= UAq;h,o:ig(CP.f;.phi.w; - Cp.a:)ho.wg)

Once the “uncorrected” flue gas temperature is determined the flue gas and combustion
temperatures exiting the air preheater and the heat transfer across the air preheater can be

determined.
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9
> Mieak, {1 (Tunc) = hj(Tieax, orig))
j=1

Cpluk.lvl = Tunc . T] eak, orig

'@luk.av'g“uk.oﬁg + CPfJg_nphi.nngmc
CPleak.nvg + CPf.nphi..v;

Tegepho =

Quph = Cpigaphi,av (Tegaphi = Tunc)

Quh
Tepho = e Trdtan,orig
, apho,avg

For the resize case, the air preheater is resize so that the flue gas has an exit temperature of
Ttgapho,input- Therefore, the known values are

+ flue gas flow rate, mfgaphi and inlet temperature, Ttgaphi

* combustion air flow rate, mfgapho and inlet temperature, Ttdfan,orig

* leakage air flow rate, mjeqk orig and inlet temperature, Tieak orig

* the flue gas exit temperature, Tfgapho,input

The output parameters are the energy transferred across the air preheater, Qaph, the
“uncorrected” flue gas temperature, Tggapho and the combustion air exit temperature, Tggaph, and
the air preheater size, UA. Since Tggapho,input is specified, the “uncorrected” flue gas temperature
is

9
2 mluk.j.orig(hj('rfgapho,inpm) - hj('rfxtpho.inpm»
T = o + Tgapho.i
unc wphiave fgapho,input

With the “uncorrected” flue gas temperature, the flue gas and combustion temperatures
exiting the air preheater and the heat wransfer across the air preheater can be determined. The flue
gas exit temperature, Tggapho, should be very close 10 Tegapho,input-

CPienk.:v!Tleahoﬁl + Cpfglphi.lvETm:
Cpleak.nv! + Cpfgaphi.av.

Ttgapho =

Quph = CPrguphi, avg(Tigephi = Tunc)



Once all the exit tcmpcraturcs are determined, the new air preheater size, UAaph, can be
determined with

UAgp = anh { _A fgaphi ~ Ta:pho }
® (ngnphi - Tapho) - (Tunc - Ttdfan ong) Tunc - defm orig

Once the new size is determined, the additional capital cost in millions of current dollars can

be estimated by

0.6 0.6 —Ciax
Capen = 2.6x103‘CUA.ph - UA °“3) Cidx,1984

For either the base case or the resize, case, the difference in the energy transfer across the air
preheater can be determined by

o
Qq:h.delu = Qsph - Qph.orig

This difference in the energy transfer is an energy credit and how it affects the economics of
the power plant is discussed in Section 2.7.

Figure 2-3: Schematic Diagram of the Wet FGD Model
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35  Wet FGD Performance

This section describes the improvements to the wet flue gas desulfurization (FGD) model ‘
since the original model development ‘). The quantities that were modified are the reagent
composition, water evaporation in the scrubber, flue gas composition exiting scrubber, energy
needed for reheat, characterization of the scrubber waste and the capital cost when using lime as
areagent. A schematic diagram of the wet scrubber is shown in Figure 2-3. The diagram shows a
configuration with bypass and a reheater. These options are mutually exclusive, since it is not
likely that a scrubber would be built with both. So, if there is a bypass, the reheater is not used.
Conversely, if there is no bypass, the reheater is used to raise the flue gas temperature to a

specified value.

2.5.1 Reagent and SO Efficiency

The SO, removal efficiency is a key parameter governing the performance of the FGD
system. The removal efficiency can either be specified or it can be calculated to meet a desired
SO2 emission standard. The SO removal efficiency, N502, based on the emission standard is
calculated by

Nsousg = 1 - 2000 ES50; Misg Hhvio
50us 64.06 * 1,000,000 (thin, 50, + Min,50)

_1.__ ESso,Mua Hhvpe | (2.8)
Ns0usd =1 64.06 * 500 (1hin,s0, + Min,$0,)

The wet FGD system has an option to allow bypassing of some flue gas around the scrubber.
This option may lower the cost of the wet FGD system if the efficiency calculated by Equation
(2.8) is not very high. When the bypass option is chosen the scrubber operates at its maximum
removal efficiency, \SOz,max, provided the amount of bypass is greater than the minimum bypass
specified by the user, Bypmin. Since the bypass does not affect the total amount of sulfur
removed, the moles of sulfur removed by the scrubber are determined from the Equation (2.8).

if lolsw)ZBypmthcn
NSO, max

NSO.std
B = ] - = ; =1
yp n N0, SO, max

else Byp = 0.0 ; Ns0; =MNSO.sud
Heem.§ = N$0.s1d (in, SO, + Hin,SO,)

The reagent for the wet scrubber can be either lime or limestone. The reagent purity, Rpurity ‘
and moisture content, Wreag, must be specified. Any remaining material is considered inert. The



molar stoichiometry, o, (moles of calcium required per mole of sulfur removed) must be
specified. The default values for the molar sioichiometry are 1.15 and 1.05 for limestone and
lime, respectively. With the molar stoichionu:try, the mass flow rate of reagent is calculated by

for CaCO3 ; Mpag = 3608 them. O ¢ a0

M =
s 2000 Rpuwity

2.5.2 Water Balance )

Makeup water to the FGD system is required principally to offset evaporative losses in the
scrubber. The mass of water evaporated in the FGD system is determined by an energy balance
assuming adiabatic conditions and neglecting the solid mass flow rates in the scrubber. With
these_assumptions, the sensible energy released by the flue gas entering the scrubber has to equal
the energy needed to evaporate the water evaporated and raise it to the exit temperature. The
equation for the energy balance is shown by Equation (2.9) for a scrubber without bypass8. The
function, Cp'in,avg is the average specific heat of the flue gas between the inlet temperature and
the Texit- The functon, Ah, is the energy needed to raise the makeup water to saturated steam at
Texit.

9
CP' i avg (Tins Texit) (Tin = Texit) 2, hin j = Wevp AN(Texic) | 2.9)
i=1_

Tin = Ttg1 + ATidfan

The temperature Tip is higher than Tip, since the induce draft fan raises the inlet temperature
by ATidfan. The induced draft fan is assumed to be located between the scrubber and the
particulate collector. The flue gas is assumed to behave as an ideal mixture, so the molar fraction
of water in the flue gas is equal to the parcel pressure of water divided by the total pressure of the
flue gas. Since the flue gas is saturated when it exits the scrubber, the amount of water
evaporated is constrained by the saturation pressure of the water in the flue gas at the exit
temperature. Since the change in the flue gas' total ‘molar flow rate caused by the chemical
equations is very small, the water evaporation constraint is show in Equation (2.10).

Pou(Tesit) _ Wevp + in 1,0

Pm + P H Q
g.eRit ,
Wevp + 2 hin, j
i=l

(2.10)

Equations (2.9) and (2.10) represent two non-linear equations in two unknowns, Texit and
Wevp. These two equations can be turned into a quadratic equation of Wevp, provided the Py and
Ah are linear functions of the exit temperature and Cp'in.avg is constant. Figure 2-4 shows the
typical variation in the average specific heat between 300°F and the exit temperature. The flue

8  Bypassing fluc gas around the scrubber does not change the exit temperature, but it docs change the amount of
water evaporated. For these reasons, the bypass variable is excluded from the derivation of the fluc gas exit
temperamre. Once the exit temperature is determined, the amount of evaporaled water can be determincd for

the scrubber with bypass.
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'gas for Figure 2-4 is from an Illinois #6 cpal and the average specific heat is determined using

the enthalpy functions presented in Section 2.2. The initial estimate of the average specific heat,

Cp'inavg, is determined by guessing the exit temperature. ’
9

% tin,j (hj(Tin) - hj(Tguess))
Cp' in.ivg(Tinguas) =L

9
(Tin - Tguss) z min.j
j=l

Figure 2-4: Flue Gas Specific Heat versus Exit Temperature
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Figure 2-5: Enthalpy Difference between Saturated Steamn and Saturated Water at 120°F
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The linear equation, (2.11), for energy absorbed by the evaporating water was 0

determined from a linear regression of the enthalpy of saturated steam minus the enthalpy of
saturated water at 120°F, between 125°F and 185°F (10). Figure 2-5 shows the enthalpy
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at 120°F, between 125°F and 185°F (10). Figure 2-5 shows the enthalpy difference between
saturated steam versus saturated water at 120°F. It was found that the amount of water
evaporated is not sensitive to the inlet water temperature, so the inlet water temperature is
assumed to be 120°F. The correlation coefficient for the linear regression was greater than 99%.

Ah(T) = 7.3660 Tg + 17,593.7 (2.11)

The saturation pressure of water versus temperature is shown in Figure 2-6 (11). Because of
the curvature of the data and the sensitivity of Equation (2.10) to the saturation pressure, this data
was fitted to a piecewise line between 125 and 185°F, (2.12). The correlation coefficient was
greater than 99% for each segment.

Psai(TF) = Asat TF + Bsat (2.12)
where

Agat = 59.5475x10-3, Bgy = - 5.5087 for 125 € Tg < 135,
Asar = 74.4615x103, By = - 7.5238 for 135 < Tp < 145
At = 92.2619x10-3, Bgy, = - 10.1068 for 145 < Tk < 155
Ayt = 113.333%103, Bggy = - 13.3749 for 155 < T S 165
Aggt = = 138.0782x10°3, Bgg = - 17.4604 for 165 < T < 175
Asat = = 166.8782x103, Bgg; = -22.5032 for 175 < Tg < 185

Figure 2-6: Saturation Pressure of Water versus Temperature
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Substituting Equations (2.11) and (2.12) into Equations (2.9) and (2.10) and solving for
evaporated water yields Equation (2.13). Once the evaporated water is known, the exit
temperature can be found by substituting Peg; from Equation (2.12) into Equation (2.10) and
solving for the exit temperature, (2.14).
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Wevp = -b + YzaE . aag _ (2.13)

where
a="7.366 (-Bga; + 1) + 17,593.7 Asa
9
b = (Cp' in.w‘(Tin.Tgucss) (' Ame - B.n + 1) - 7. 366B3n + 17.593.7Am)z m’m'j
ja1
+ 7.366mhin, 1,0
9 9
C=|tg1,H,0+ (- AsTin - Bsar) Z g, j Cp' fgl.nvg(rinchucss) z gy,
J=1 j=1

Wevp + tin 1,0

9
Am (Wwp <+ Z mmd

i=l

B
) Al (2.14)

Texil =

Since a single linear equatior for the saturation pressure does not represent the data, the
solution of the quadratic equation for the evaporated water depends on the slope and intercept of
Equation (2.12), that are functions of the exit temperature. To eliminate this cyclic dependency,
the procedure shown below is used. It has been found that the temperature converges to within a
degree and the evaporated water to within one percent on step five.

1. Determine Wm‘l from (2.13) assuming an exit temperature of 155°F
Determine Texit,) from (2.14) withWevp |
Determine Wevp o with Texir,1
Determine Texit 'withWevp'l
Determine Wwp from (2.13) times (1 - Byp) with Texit

LR W

Figure 2-7: Evaporated Water versus Temperature
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Figure 2-7 shows evaporated water based on Equations (2.9), (2.10) and the iterative
procedure shown above for an Ilinois #6 coal, an inlet temperature of 314°F and gauge pressure
of 4" of water. The graph indicates that the iterative solution is very accurate.

253 Flue Gas Composition and Reheat
The composition of the flue gas changes in the scrubber. The two most significant changes

are the reduction in the sulfur dioxide content and the increase in the moisture content. The sulfur
dioxide and sulfur trioxide are removed from the flue gas by a complex set of chemical reactions.
These chemical reactions have been greatly simplified in the IECM and are shown below.

0.5H70 + SO + CaCO3 --> CaS03+0.5H20 + CO2 (2.15)

2H20 + 0.50; + SOz + CaCO3 --> CaS04°2H20 + CO2

0.5H20 + SO3 + CaCO3 --> CaS03+0.5H20 + CO2 + 0.50;

2H,0+ SO3 + CaCO3 > CaS04°2H20 + CO2

0.5H20 + SO + CaO —> CaS03+0.5H20

2H20 + 0.503 + SO2 + Ca0 —-> CaS04°2H20

0.5H30 + SO3 + Ca0 —> CaS03°0.5H20+ 0.507

2H;0+ SO3 + Ca0 —> CaS04°2H0

Using these chemical reactions the composition of the flue gas exiting the scrubber can be

determined from a molar balance and is shown below. It is assumed that the oxygen needed to
oxidize the calcium suifite to calcium sulfate is taken from the flue gas. In practice this oxygen
may be supplied by blowing air through the sludge outside the scrubber vessel. It is assumed that
the water needed to hydrate the scrubber sludge comes directly from the makeup slurry and does
not reduce the moisture content of the flue gas. The symbol Ox represents the fraction of calcium
sulfite oxidized to calcium sulfate,

Mexic,j = .(1 - Byp) thin,; for j = N2, CO, NO, NO;

Meir,0, = (1 - Byp) thin,0, +(0.5(1 - Ox) thip,s0, - 0.5 Ox thin,50,) Nsoa.s1d
Wexit H;0 = (1 - Byp) thin 1,0 + Wevp

Mexit,00; = (1 - BYp) thin,co, + {threm, s if regent = CaCOs)

Mexit, 50, = (1 - Byp) thin 50, - Min,$0; TS0,.81d

Mexi, 50, = (1 - Byp) Min 50, - Bin, 503 NS0,514
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The flue gas exiting the scrubber contains water droplets that the demister has not removed.
These droplets evaporate either in the reheater or after the flue gas is remixed with the bypassed
flue gas. These droplets are assumed to be a fraction, Wdemis, of the evaporated water:

Myack,j = Mexiy,j + BYp thip j for all j except RO

Mgiack HO0 = Mexit, H,0 + BYP tin, H;0 + Wetemis Wevp

The flue gas exiting the scrubber is either remixed with the bypass flue gas or it passes
through a reheater. Therefore, the flue gas temperature entering the stack is either the average
temperature of the bypass flue gas and the flue gas exiting the scrubber or the exit temperature of
the reheater. The exit temperature of the reheater is an input parameter, Tgack input- The energy
needed to raise the flue gas temperature 10 Tgiack is the sum of the sensible energy of the flue gas
. 2d the energy needed to evaporate the water droplets and raise their temperature to Tgack.

If no bypass then

Tstack = Tatack input

Ewgfld = Ww. Wﬂp (7»366Tm + 17593.7) + i mm,_' (hJ(Tstack) - hJ(TCXIl))
j=1

clse
Tstack = Byp Tin + (1 - Byp) Texit
Ewﬂfgd =0

25.4 Waste Stream Composition
A major environmental flow stream emanating from a wet FGD system is the stream of wet
solids. Two mode! options affect the mass flow rate of wet solids. The user specifies either a
orced oxidation FGD system producing a gypsum waste or a natural oxidation FGD system that
produces a wet sludge. The basic chemistry for these two options is shown in Equation (2.15).
The difference in the composition and mass flow rates of FGD waste depends on the extent of
oxidation of calcium sulfite to sulfate, Ox and the extent of dewatering of the final product,
Wludge. Other constituents of the FGD solids stream include unreacted reagent (that depends on
the molar stoichiometry), inert materials introduced with the reagent (as dictated hy the level of
reagent purity) and flyash that has been removed by the scrubber (that depends on the particulate
removal efficiency, NTsp). The mass flow rates of the component are shown below.

Mitudge.j = (1 - Byp) nrse Mimj for j = Ash, CaSO4
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. L 56.0 -
Miludge,ca0 = (1 - Byp) Nrsp Min,ca0 +{ 8 ((250010) Mrem.§ if reagent = Cao}

. . 100. -
Miludge,caco; = (1 - Byp) NTsp Min,caco, + { 00.09 (;00(1)) Mhem.§ ;¢ reagent = CaCO::,}

129.14 (1 - OX) thyem.

Miludge, Cas0y0.5H0 = (1 - BYp) Tirsp Min,CaS0,0.5H,0 + 5000

172.17 Ox thyem s

Miludge.Ca5002H;0 = (1 - Byp) NTse Min, Cas02H0 + 5000

Msludge.Misc = (1-Byp) Nrsp Min, Mise + (1 - Rpurity = Wreag) Mmg

8
Matudge H:0 =5~ 1) D, Mituge,; for all j except F2O
Walwgge | 1 ) :

Economics Algorithm

The economic algorithm for the wet scrubber has remained unchanged except two items. The
first is that the single indirect charge factor originally employed for capital cost estimnates has
been split into its component categories following the nomenclature used by the Tennessee
Valley Authority (TVA), author of the basic FGD cost model. The second change is in the direct
capital cost for reagent handling. If lime is used as the reagent, the direct capital cost of reagent
handling is the same as the algorithm used for a spray dryer (1). If limestone is used, the
algorithm remains unchanged. The direct capital cost of reagent handling is shown below.

If Reagent = CaCO3

DCreag = (If Myeag < 18 Then 0.1323 Mg + 2.859 else 0.07288 Mpeag + 5.393) ""“C.i 1981
(]

else

DCieag = (If Mg < 2 Then 0.2997 Myeeg + 1.546 clse 0.1986 Mpung + 2.042) <ids

Ciax 1981



26  Spray Dryer Performance

This section describes improvements to the lime spray dryer performance model relative to
the previous report (1). The areas that were modified are the reagent composition, water
evaporation in the spray dryer, flue gas composition exiting spray dryer, energy needed for reheat
and characterization of the scrubber waste. A schematic diagram of the spray dryer is shown in
Figure 2-8. The diagram shows a configuration with bypass and a reheater. These options are
mutually exclusive, since it is not likely that a spray dryer would be built with both. If there is a
bypass, the reheater is not used. Conversely, if there is no bypass, the reheater is used to raise the

flue gas temperature to a specified value.
Figure 2-8: Schematic Diagram of the Spray Dryer FGD Model
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2.6.1 Reagent and 503 Efficiency

The SO2 removal efficiency is a key parameter governing the performance of the spray dryer
system. The removal efficiency can either be specified or it can be calculated to meet a desired
SO emission standard. The SO7 removal efficiency, 150,, based on the emission standard is the
same as Equation (2.8) shown in Section 2.5.

The spray dryer system has an option to allow bypassing of some flue gas amund the
scrubber. This option may lower the cost of the spray dryer system if the efficiency calculated by
Equation (2.16) is not very high. When the bypass option is chosen the amount of bypass is
based on either the spray dryer operating at its maximum efficiency, Ns02.max, Or the flue gas
temperature entering the stack. No bypass will be used if the amount of bypass is less than the




minimum bypass specified by the user, Bypmin. If the user wants the bypass to be based on the
maximum efficiency of the spray dryer then Equation (2.16) is used.

. TSO,.s1d
ifl1 - —20| 2 BYPmin th (2.16)
NSOs max YPemia fhEN
B T50,.51d -
yp=1 s MsO0; =TSO max
SO,
else

- Byp=00; M50, ="Ns0zsu

The user may desire to have the bypass based on a desired stack temperature, Tsiack,input.
With this option, a bypass is only allowed if the bypass is greater than the minimum, Bypmin, and
less than the amount determined by Equation (2.16). The induced draft fan is after the fabric
filter, (that is after the gases remix) and raises the temperature of the flue gas by a user specified
amount, Tigfan. The flue gas exiting the spray dryer and the flue gas bypassed around the spray
dryer are assumed to have the same specific heat; therefore, Equation (2.17) is used if the user
wants the bypass to be based on the Tgack,input- The inlet temperature, Tin, equals the
temperature exiting the air preheater, Trgapho while the exit temperature, Texi, is determined in
the next section. '

if Bypuin < Totackinpus - Tidin - Tugexit (1 _Msousd | e @2.17)
Tf;apho - Tsd,exit SO, max
Tstack,input = Tidfen * Tsd.exit T1SO4.5td
B = ~ ; BT weenemmmmancor
P Tigapho - Tsdexit M50, =77 Byp

else

Byp=0.0; mNs0,=Ns0.s1d
The flue gas that is not bypassed and the moles of sulfur removed by the scrubber are
determined by ‘

Maqin.j = (1 - BYP) Migepho,j

Meem.§ = M50, (Medin,$0; + ed.in, S0
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The reagent for the spray dryer is lime. The reagent purity, Rpurity and moisture content,
Wreag, must be specified. Any remaining material is considered inert. The molar stoichiometry,
G, (moles of calcium required per mole of sulfur into the system) is a function of the SO,

removal efficiency and the approach to saturation temperature (1). With the molar stoichiometry,
the mass flow rate of reagent can be determined.

Gsd = exp(3.322 M50, + 0.025 ATy - 2.900) (2.18)
o 56.08 (thyqin 50O, + Medin,50,) Tsd
Myesg : — | (2.19

2.6.2 Water Balance.. ,

Makeup water to the spray dryer system is required principally to offset evaporative losses in
the scrubber. The mass of water evaporated in the spray dryer system is determined by an energy
balance assuming adiabatic conditions and neglecting the solid mass flow rates in the system.
With these assumptions, the sensible energy released by the flue gas entering the scrubber has to
equal the energy needed to evaporate the water evaporated and raise it to the exit temperature.
This is identical with the wet scrubber, except that the flue gas exiting the spray dryer is not
saturated. The user specifies an approach to saturation temperature, ATsy;, which is a measure of
how close the flue gas is to being saturated. The procedure for the spray dryer is identical with
the algorithm shown in Section 2.5, except steps 4 and 5%. Once the saturation temperature, Tgay,
of the flue gas is determined, the approach to saturation temperature is added to find the exit
temperature. The evaporated water is determined with Equation (2.20), shown below, as follows:

Determine Wwp', from (2.13) assuming an exit temperature of 155°F
Determine Tgy j from (2.14) witthp'l

Determine Weyp 2 With Texir 1

Determine Tsa; With Wevp 1, then Texis = Taay *+ AT

Determine Weyp from (2.20)10

0 ‘
(1-Byp) Y, thygjn j (hy(T. tgspho) - hj(Tad exit)) (2.20)

Werp = =
P 7.366 Teq exis + 17,593.7

Lk WL

2.6.3 Flue Gas Composition and Reheat

The cbmposition of the flue gas changes in the spray dryer. The two most significant changes
are the reduction in the sulfur dioxide content and the increase in the moisture content. The sulfur
dioxide and sulfur trioxide are removed from the flue gas by a complex set of chemical reactions.
These chemical reactions have been greatly simplified in the IECM and are shov.: below:

9  An additional assumption is needed for the spray dryer which is that the enthalpy of the water in the flue gas is
approximately equal to the enthalpy of saturated steam at the same temperature.

10 Bypassing flue gas around the scrubber does not change the exit iemperature, but it does change the amount of
water evaporated. For these reasons, the bypass variable is excluded from the derivation of the flue gas exit
temperawre. Once the exit iemperature is determined, the amount of evaporated water can be determined for

the spray dryer with bypass. '



SOy + CaO + 0.5H20 ~> CaS03°0.5H20 (2.21)

SOy + Ca0 + 2H70 + 0.503 > CaS04°2H20

SO3 + CaO + 0.5H20 --> CaS03+0.5H20+ 0.502

SO;3 + Ca0 + 2H30 --> CaS04+2H20

Using these chemical reactions the composition of the flue gas exiting the scrubber can be

determined from a molar balance and is shown below. It is assumed that the oxygen needed to
oxidize the calcium sulfite to calcium sulfate is taken from the flue gas. In practice this oxygen
may be supplied by blowing air through the sludge outside the scrubber vessel. It is assumed that
the water needed to hydrate the scrubber sludge comes directly from the makeup slurry and does
not reduce the moisture content of the flue gas. The symbol Ox represents the fraction of calcium
sulfite oxidized to calcium sulfate.

Med exit,j = Midin,j fOrj =Nz, COy, CO, NO, NO,

M exit,0, = Mediin,0; +(0-5(1 - OX) sy in,50, - 0.5 Ox Msdin, 504) TS0,
Md exit.H0 = Msdin,H0 + Wevp

e exit,50; = Mad,in, SO; ~ Med,in,SO; TS0,

Med exit,SO; = Md,in,SO; - Med,in, SOy TS0,

After the spray dryer there are two options depending if a bypass is used. The first is that the
flue gas is remixed with the bypassed flue gas before going into the fabric filter. After the fabric
filter the flue gas temperature is raised by the induced draft fan before entering the stack. The
second is that the flue gas passes through the fabric filter and induced draft fan before going into
the reheater. After exiting the reheater the flue gas enters the stack. For either case, the flue gas
composition and temperature do not change in the fabric filter. The equations governing the flue
gas temperature and composition for the bypass case are shown below.

(2.22)
Mg in,j = Wed,exit,j + Byp tiggepho,j
Tgt,in = Byp Tegapho + (1 - Byp) Tsdexit (2.23)
' 2.24
Myack.in.j = M. in,j (2.24)
Teack = Ttfin + ATidfan (2.25)

Edryfgd =0 (2.26)
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The equations governing the flue gas temperature and composition for the reheater case are
shown below. The exit temperature of the reheater is an input parameter, Tsiack input- The energy
needed to raise the flue gas temperature to Tgack is the sensible energy of the flue gas.

27
Mgtack,in,j = M in, jMstack,j = Mih,in,j = D, in,j = Wed exit, j @27
Tttin = Tsd,exit (2.28)
Trhn = Ter,in + ATidfan (2.29)
Tstack = Tstack input (2.30)
9
Edyfgd = 2, Man,in.j (hj(Tstack) - hj(Teh, in)) (2.31)

i=1

2.6.4 Waste Stream Composition

A major environmental flow stream emanating from a spray dryer system is the stream of dry
waste solids. The basic chemistry for the creation of these solids is shown in Equation (2.21).
The difference in the composition and mass flow rates of spray dryer waste depends on the extent
of oxidation of calcium sulfite to sulfate, Ox. Other constituents of the spray dryer solids stream
include unreacted reagent (that depends on the molar stoichiometry), inert materials introduced
with the reagent (as dictated by the level of reagent purity) and flyash. The total mass flow rate
of the solids created in the spray dryer and the flyash entering the spray dryer is shown below.

Mudoul,j = Midn,; for j = Ash, CaCO3, CaSO4

v . 56.08|c : + -
Mqd to1a1,C20 = Mad in,Ca0 + [ (m"d'“"soizoog‘“in.sos) Mrem,s)

. . 129.14 (1 - Ox) thyem. s
Med total,CeSOy0.5H0 = Mid,in,CaSO50.5H;0 + 5000

. : . 172.17 OX theem 5
Md to1al, CaSQu2H;0 = Mid in,CaSQu2H0 + 3000

Mﬂlwul.Misc = Mﬂd.in.Miu: + (1 - Rpuity = Wreag) Mmg



The total solids in the spray dryer either exit with the flue gas or drop out the bottom of the
spray dryer. The removal efficiency, n1sp, of the solids is an input parameter, that specifies what
fraction of the total solids exit out the bottom. The solids that exit with the flue gas remix with
the flyash bypassed around the spray dryer (if present) before entering the fabric filter. After the
fabric filter removes most of the solids, the solids from the spray dryer and fabric filter are
remixed before being disposed. '

Mld.botlom.j =NTsp Msd,to1al, j
 Mugexij = (1 - NTsp) Msdotal,

Mg,inj = BYP Mggapho,j + Mad exit,

2.6.5 Economics Algorithm |

The economic algorithm for the spray dryer has remained unchanged except one item. The
single indirect charge factor for capital cost has been split into different categories of indirect
charges following the nomenclature of the TVA.

2.7 Power Plant Economics

This section describes the economics of the base (original) power plant. Subsequent sections
then describe hqw the pollution control equipment affects the economics of the base plant. The
following section will describe how the economics changes when pollution control equipment is
added. For purposes of cost estimate and internal consistency, the IECM effectively considers the
power plant and pollution control equipment to be separate entities. The base power plant
essentially consumes fuel and produces electricity and flue gas, while the pollution control
equipment consumes some electricity and removes the pollutants from the flue gas.

2.7.1 Base Plant Costs

The base power plant uses electricity and steam for running pulverizers, steam cycle pumps,
flue gas fans, cooling system and miscellancous other equipment. These components represent
internal utility (auxiliary power) consumption that reduces the amount of electricity that the
power plant can sell to customers (including the pollution control equipment). The auxiliary
power consumption reduces the electricity available for sale and increases the heat rate.

MWy, = MW{1 - X;, - Xep = Xg - Xe - Xrmisc )
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 HRyp= HRoyete
® l'xP"x'P'xf"xG'xmilc

The capital and operating cost of a power plant is based on the algorithms presented in
Molberg (11). The direct and total capital costs are estimated as follows:

MWy 085 Hw;
TDCy, = bp idx
Cop 600(1,000.0001 HWigr 1988

TCChp = TDChy (1 + ICF)

The operating cost is divided into two categories: fuel cost and non-fuel cost. The non-fuel
expenses include labor, maintenance, overhead, taxes, etc... The fuel cost depends on the fuel

consumption and cost of fuel, while the non-fuel cost is proportional to the size of the power
plant. ‘ ‘

ACpq = 8766x10 CimgyePual

ACpon = 8766x10°6 Cr4.35 MWy, _-E%EE
‘ 1

ACpp = ACqe + ACqon

The total revenue requirement excluding any income from “selling” electricity to the
pollution control equipment can be calculated by annualizing the total capital cost and levelizing
the total operating and maintenance costs. The model does not explicitly charge the power plant
for its own utility consumption. The main reason is that any charge to the power plant is
collected by the power plant, so the net effect is zero. The price of electricity, Ecost, charged to
the pollution control equipment can be set to any value by the model user (as is typically done in
most economic enalyses). However, the default is to use the marginal electricity cost based on
the total revenue requirement of the base plant without utilities:

TRRwjo wil,bp = TCCopF CF + ACypp VCLF (2.32)

TRRwpo wil,bpx10° Q.32
8766CMWp

Egn =

where 8766 is the average number of hours in a year (including leap years).



292 Pollution Control Equipment Energy Penalties

This section gives a brief overview of the economics of pollution control equipment and
describes in detail how the pollution control equipment affects the economics of the base power
plant. This section assumes that the pollution control equipment is a consumer of energy. The
next section describes the effects when pollution control equipment contributes energy (e.g. from
exothermic chemical reactions). How the capital and operating costs of specific pollution control
equipment are determined is described in other chapters and is not covered in this section. Once
the total capital and operating costs are determined for a specific pollution control equipment the
totai revenue requirement can be calculated.

TRRwfo wil.pee,j = TCCpee, jFCF + ACpce,j VCLF

However, this does not reﬂcct the cost of electricity and steam consumption charged to the
pollution control equipment by the power plant. The utility cost is the equivalent electricity

consumption times the cost of electricity. Given the utility cost, the total revenue requirement can -

be determined. This total revenue requirement can be expressed in mills per kilowatt hour by
divided it by the net electric capacity of the power plant.

ACuyii1,pee,j = 8766Ct MWy, Xpce,j Ecost

TRRpee, j = TRRwio wiil,pee,j + ACutt,poe,j

x10%
Even.) = §766CAMWms

The electricity consumption of the pollution control equipment reduces the amount of
electricity available for sale to external customers. Therefore, the net electric capacity is the gross
capacity minus the internal consumption, including all pollution control equipment:

n
MWM‘MW(I'XP‘&p‘xf'xc‘xmilc‘z xpee.j)
j=l

Since the pollution control equipment “pays” the base power plant for electricity
consumption, these charges are income for the base power plant. The pollution control
equipment utility costs appear as negative charges (i.c. income) in the base power plant utility

cost. This procedure is a bookkeeping operation to change pollution control equipment for utility
use:

ACui,bp =~ i ACuit poej

j=
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The total revenue requirement including utility cost for the power plant can be calculated as
the sum of the total revenue requirement without utilities plus the utility cost for the base power
plant. The total revenue requirement can be divided by the net capacity to determine the cost of
electricity including utility costs of the base power plani, Epp. This cost of electricity, Epp, will
equa! the price of electricity charged to the pollution control equipment, Ecqgy, if the price
charged to the pollution control equipment is equal to the value determined by Equation (2.33).

TRRyp = TRRwo wil,bp + ACus1,bp (2.34)
8766CIMW pa

2.7.3 Pollution Control Equipment Energy Credits

- This section describes the changes in economics when pollution control equipment
contributes energy that can be converted to electricity (as is true of an exothermic process that
increases the potential heat input to the boiler). There are a variety of ways to treat this case. For
the IECM, the pollution control equipment is assumed to sell the energy back to the power plant,
that converts the additional energy into electricity for sale. Therefore, the revenue generated from
the sale of energy to the power plant shows up as a credit in the operating costs for the pollution
control equipment and a debit in the fuel cost of the power plant.

The power plant is considered to have two choices for treating this energy. Either it can
reduce the amount of purchased fuel while the gross amount of electricity remains constant or it
can “build” additional equipment to convert this energy into additional electricity (i.e., increase
the gross plant size). The first choice requires an iterative solution since the energy generated by
the pollution control equipment is a function of the fuel consumption of the power plant.!!
Because of the complexities of the IECM, it is not possible to solve this iterative problem
explicitly.

Instead, the IECM assumes the power plant builds additional equipment to convert the
additional energy into electricity. Since the JECM models new power plants, the additional
equipment is “built” simultaneously with the base power plant, yet is accounted separately in the
economics. This approach allows a simpler solution. Or, the user simply can neglect the change
in size since it is generally small and does not change the economics substantially. The additional
equipment has capital and non-fuel operating costs, that are charged to the base power plant.

The equivalent electric capacity of this energy is nceded to determine e charges and debits
for energy generated by pollution control equipmeat. If the additional energy is in the form of
heat captured by the air preheater, it is treated the same as the energy from coal. The additional

11 The energy generated by the pollution control equipment is based on the fuel flow rate into the power plant and
mmmmmofmspegpﬁcpouuﬁmm equipment. &Mmhgﬂwﬁwlﬂowmemomepowa
phnuchmg%uwmyWhydwpoﬂuﬁoaconnpleqpmgmwhmhcbmgsﬂwﬁn@ﬂowmc. To
accuraicly solve this problem requires an interactive solution, since it is not possible to a priori determine the
appropriate fuel flow rate and energy from the pollution control equipment to produce a specific amount of
electricity.
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energy is divided by the original heat rate. If the additional energy is in the form of steam, it is
treated the same as energy in the steam cycle, so the additional energy is divided by the original

0 heat rate times the boiler efficiency. With the equivalent electric capacity, the electric capacity of
the power plant with and without pollution control equipment also can be determined.

Quoh, delta Qu
MW gedit = ot + cam
4 HRorg  MboileHRorig

MW\p'nWBMWJl "Xp"Xgp'Xf'xc’xmi'c)"’Mwmt

n
MW =MW{1 = Xp = Xsp = Xf = X¢ ~ Xmisc z xpce.j)+chedi&
jm

Multiplying the electric capacity by the heat rate and dividing by the higher heating value of
the fuel gives the equivalent fuel consumption. The equivalent fuel consumption is multiplied by
the cost of fuel to determine the revenue from the sale of the energy to the power plant. This
revenue is credited to the operating cost of the pollution control equipment that generated the

energy.

11 =
O fud, credit 2Hhv

AChel, credit = 8766x10° Crmipul crecicPruel

ACpce,j = ACup credit,pee,j + AChd credit

Several base plant economic variables must be modified to account for the energy credit. The
direct capital cost for the additional equipment is estimated to be proportiona! to the direct capital
cost of the original power plant. Therefore, the direct capital cost is determined by

MWoeai|[_ MW 55 HWig,
TDCy = 600{1 + mﬁ)( i
Cop 600( MWsp, ||1,000,000) FWiar 1988

The non-fuel operating and maintenance costs are cstimated to be proportional to the non-
fuel operating and maintenance cost of the original power plant. The total operating cost for the

o base plant is

/gl
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ACpon = 8766x10°8 Cy4.35 (MWip, + MWrpgy) - —
_ Ciax.1988

ACpp = AChuel + AGuon + ACHa, credit

The equations for the total revenue requirement, (2.34) and (2.32) and the cost of electricity
of the base power plant, (2.35), do not change, but the equation for the default price of electricity
charged to pollution control equipment, (2.33), does change:

'I'R.R‘,k, mﬂ,bpxm‘

Eoou = 8766CMWapnew

2.74 Total Pollution Control Cost
The total capital, operating, utility and revenue requirements for pollution control excluding
coal clcaning can be determined by summing the values the pollvion control equipment:

TCCuot,pee = 2, TCCpee,j ; ACuotal,pee = i ACrce,j

j”l j.] -

n 1]
TRRuwjo wil,otal,pee = 2, TRRwho util,poe.j ; ACui,total,poe = 2, ACusL,poe,
a1 =l

TRme.pee=2:, TRRpce,j ; Ewuhvce“z Epce,j
j.

j=1

The total capital, operating, utility and revenue requirements of the power plant are the sum
of the base power plant and the total pollution control equipment.

TCCrotal = TCChp + TCCootal pee

ACioml = ACpp + ACiotal poe

TRRwjo utiLtoral = TCCwso witbp + TCCwo wil total poe
ACuil sotal = ACutil bp + ACautil 1ol pee

TRRyouat = TCChp + TCCootal pee

ECsoul = ECop + ECionl pee

The total cost for pollution control including coal cleaning has to be determined by
examining two identical power plant. One power plant uses cleaned coal, while the other does



e
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not. The total pollution control costs are caiculated by subtracting the base plant costs for the
plant that is not using cleaned coal from the total plant costs for the plant that is using cleaned
coal. This procedure is necessary since the coal cleaning plant is assumed to be separate from the
power plant. The capital and operating costs of the coal cleaning plant are added to the cost of
raw coal, so delivered cost of coal to the power plant increases.

TCCrotal,pee = TCCrotal - TCChp,wio cc

ACioml poe = ACixal - AChp,who cc

TRRw/o util totalpee = TCCw/o util,total - TCCw/o utilbp,who cc
ACytil sotal pee = ACutil total - ACutil,bp,w/o cc

TRRotal,pee = TCCrotal = TCCop,wio cc

Ectoml.pce = ECiotal - ECop,w/o cc

2.8 Key Financial Parameters

2.8.1 Fixed Charge Factor

The fixed charge factor is used to convert the future carrying charges of the plant investment
into a uniform series of payments over the plant life. It is calculated based on the revenue
requirement methodology presented in the EPRI Technical Assessment Guide (12, 13).

Revenue requirements consist of two ain components, carrying charges (fixed charges) and
expenses (operating costs). Carrying charges are related to the capital investment and are
incurred despite how the plant is used. They consist of return on investment, book depreciation,
income taxes, local property taxes and insurance. Expenses are related to the operation and
maintenance of 'the plant and generally used within one year and generally consist of fuel,
operating and maintenance costs.

Book depreciation is the annual charge to repay the original investment. A straight line
method is used in the IECM and it is assumed that the salvage value is equal to the cost of
retiring the plant. The current tax laws allow for an investment tax credit. This credit is an
immediate reduction in the income taxes for the year that the plant goes into services. The
investment tax credit is normalized as opposed to “flow through” (these terms are explained
later). Therefore, the book depreciation calculation is

=lzitc
Dy B,

Money to cover the total capital investment comes from the sale of bonds (known as debt
financing) and the sale of common and preferred stock (equity financing). The ratio of debt
financing to equity financing is generally around 50%. The return on debt and equity is the
money a utility must pay to its investors for using their money. The weighted average of the
return on debt and equity is often called the “return on investment”, “cost of money” or the
“weightex cost of capital”. This return is based on the undeprecisted investment or the remaining
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balance on the initial investment, that will be defined Iater in Equation (2.42). The annual rate of
return on debt and equity is related to the inflation rate. The IECM assumes that the real rate of
return or the return in the absence of inflation remains constant. Therefore, the rates of return are
input parameters expressed in constant dollars and the nominal or current rates of returns are
calculated with Equations (2.36), (2.37), (2.38). The weighted cost equity is shown in Equation
(2.39), while the weighted cost of capital is shown in Equation (2.40).

B=(l1+¢)(1+Bp-1 (2.36)

CS=(1+e)(1+CSp-1 (2.37)

PS=(1+e)(1+PSp-1 (2.38)

E= PS PS¢+ CS(1 - PS¢-Dp (2.39)
1-D¢

C=BD¢+E(1-Dy (2.40)

Income taxes are based on company profit within a given year. The profit is equal to the total
revenue minus all the deductible expenditures. Income taxes consist of state and federal taxes,
with state taxes being deductible for federal tax purposes. Therefore, the effective total tax rate
is. :

t=tg+ (1 -1t tf

Table 2-4: Federal Tax Depreciation Schedule

Year Depreciation % Year Depreciation%
1 1.5 16 44
2 6.9 17 4.4
3 6.4 18 4.4
4 59 19 4.4
5 55 20 44
6 5.1 21 0
7 4.7 22 0
8 4.5 23 0
9 4.5 24 0
10 45 25 0
11 45 26 0
12 45 26 0
13 45 28 0
14 4.5 29 0
15 45 30 0

Federal tax laws also allow for an accelerated cost recovery or depreciation. This accelerated
depreciation schedule, Dgp used for tax purposes is a 200% declining balance method over 15

!
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years and is shown below. It allows for a shorter recovery time and a greater deduction in the
early years that the straight line depreciation schedule. :

Deferred income tax is the difference between income tax actually paid and the income tax
that would have been paid if 2 straight line tax recovery schedule had been used, Equation (2.41).
There are two methods of handling deferred taxes: “flow through” and “normalization”. The flow
through method pass the tax deferrals immediately to the rate payers or to the stockholders. The
normalized method, which the IECM uses, accumulates the deferred taxes in a reserve account to
pay for new investment items. The utility collects revenue as if & straight line recovery schedule
was used. The utility then has use of the funds until the tax obligation has to be paid in the later
years of the booklife. The deferred income taxes and the investment tax credit are called tax
preferences.

tan=Dsn- 1/B) tforn=1,B (2.41)

As mentioned earlier, the return on investment was based on the remaining balance. The
remaining balance per year is the initial investment minus the book depreciation, deferred
income tax per year and investment tax credit in the first year, Equation (2.42). The returns on
debt and equity per year are shown in Equation (2.43) and (2.44). The taxes paid per year are
shown in Equation (2.45). The year by year carrying charges is just the sum of the book
depreciation, deferred taxes, return on debt, return on equity, income taxes paid and the
advalorem tax, Equation (2.46).

RBjp = RBq.1 - Db~ tdn-1 42
RD, = RB, D¢ B ' (2.43)
REq = RBg (1-Dp E (2.44)
ton = -1-{-; (Dp - Dy + tan + RER) (2.45)
CCp=Dp+tdn+RDp+REq+tpp+aforn=1B (2.46)
RB1=1-itc

The discount rate used for present value calculations is related to the weighted cost of capital.
The most common method used in the utility industry is a “before tax discount rate” that is equal
to the weighted cost of capital. Some industries use an “after tax discount rate” that is equal to
the weighted cost of capital less the tax rate times the return on debt. The IECM uses a “before
tax discount rate”, Equation (2.47). The present value factor of a future expense in a given year is
given by Equation (2.48). It is assumed for present value calculations that all expenses are paid at
the end of year. The annuity factor shown in Equation (2.49), calculates the present value of a
uniform series of payments in the future, while the reciprocal of the annuity factor calculates an
equivalent uniform annual amount for a single payment.

dis=C (2.47)
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PV, = (1 + dis)n (2.48)
A=l (2.49) ®

The present value of future carrying charges is the sum of canrying charges times the present
value factor, Equation (2.50). The levelized carrying charge converts the actual carrying charges
that vary from year to year into a uniform payment for the tax life of the plant. The levelized
carrying charge per year is just the cumulative present value of the carrying charge divided by
the annuity, Equation (2.51). The levelized carrying charge for the last year of the book life is the
fixed charge factor, Equation (2.52).

n
CCpvn= ), CCp PV (2.50)
m=}
CCp, = Cprn @.51)
] An
FCF = CCyp, (2.52)

2.8.2 Levelization Factor
The levelization algorithm is used to convert a series of future payments that have a uniform
escalation rate into a uniform series of payments over the same period. The IECM assumes that
the real escalation rate for expenses is constant, so the apparent escalation rate is calculated from
Equation (2.53). The levelization factor is calculated with Equation (2.54). The total revenue
requirement is calculated in Equation (2.55).
er=(l+e)(1+e)-1 (2.53)
kd-kM
La Ap(l -k)

where ka-l-l-% (2.54)

TRR = TCC FCF + TVC L (2.55)

283 Year-by-Yéar Revenue Requirement Analysis
A year-by-year revenue requirement analysis is also available in the IECM. This method has
the advantage of showing the revenue requirement in current dollars over the eatire tax life. The
total revenue requirement in a future year is the sum of the carrying charges and the operating
expenses.
TCCy = TCC CC

TVCa=TVC (1 +¢p?




TRRq = TCCp + TVCy

2.8.4 Accumulated Funds Used During Construction

The accumulated funds used during construcuon, AFUDC, or interest during construction is
determined from the total plant cost, TPC. It is assumed that the equipment begins service at the
beginning of January and that the construction takes place during the preceding years. Also the
IECM determines the total plant cost in the same year dollars that the equipment begins services.
The actual cashed expended for construction is assumed to be spent uniformly at the middle of
cach year during construction, Therefore, the total cash expended, TCE, in mixed year dollars, is
found by de-escalating the total plant cost back in time.

N
TCE=TECS _1___
N g{(lﬁﬁ"’--"

After the money is spent, interest charges are accumulated as part of the AFUDC at a
discount rate, dis. The discount rate is determined from Equation (2.47). Therefore, the total
plant investment, TPL, is

N : )j-0.5 N ‘i
Tp=TRC Y (L+dish = TRCY (Ladisf®®
N pe (1 + )03 N =1 1+i
The AFUDC is the difference between the total plant investment and the total cash expended.
AFUDC = TPI - TCE

29 Conventional Coal Cleaning

29.1 Introduction

This section describes the changes to the conventional coal cleaning model. A detailed
description of the conventional coal cleaning model is contained in Reference (1). Figures 2-9 -
2-11 show the schematic diagrams for coal cleaning plants of levels 2, 3 and 4. The subscript “i”
in this section refers to the coarse, medium or fine streams of the coal cleaning plant.

2.9.2 Level 4 Plant Cost

After reviewing the economics for a level four plant, several cost coefficients were modified
1o more accurately represent level four plants that use hydrocyclones. These changes are minor
and do not change the cost of cleaning a given coal significantly. The new cost coefficients were
modified for the direct capital cost, chemicals, electricity and water are:

DCCy = 45,700
cq = 0.065
es=0.158

wq = 0.0041
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293 Moisture Content of Cleaned Coal

Another improvement to the coal cleaning model is that it now more accurately calculates the
moisture content of the cleaned and refuse coal. Previously the model did not explicitly calculate
the moisture content of the cleaned or refuse coal and it did not adjust the final quality of the coal
to account for the thermal drier. These assumptions made the model less sensitive to the effects
of the different moisture content associated with different size wash streams.

The revised model assumes that the total moisture conient of the raw coal is composed of two
components: the inherent moisture and the surface moisture. The inherent moisture is assumed to
remained constant even if the coal is washed or thermally dried. The surface moisture of the coal
changes if it is washed or thermally dried. The model requires that the surface moisture
associated with each wash stream be entered as an input parameter. The value should be typical
of the surface moisture associated with the wash size stream after it has been through mechanical
dewatering. In other words, as the wash stream size decreases the surface moisture should
increase. For example, 28x0 mesh coal would have a surface moisture of approximately 20%,
while 1.375"x0.25” would have a value of approximately 4%.

The total moisture content of each wash stream is equal to the inherent moisture content of
the raw coal plus the surface moisture of either the wash streamn (if the stream was washed) or the
raw coal Equation.

IfY; <1 then
m; =mi'roM + mS';
else

m’; =mi'RoM + MS'ROM
To calculate the average properties of the coal entering the thermal drier, the fraction of coal
to be thermally dried needs to be determined. Equation (2.56) calculates the weight fraction of
the coal exiting the washing equipment, while Equation (2.57) calculates the fraction of coal to
be thermally dried. The input parameter, §;, is used to determine which streams should be
thermally dried. It is set to 1 if the stream is to be thermally dried; otherwis, it is 0. This allows
any combination of wash streams to be sent to the thermal drier.

fs ;Y
fsci= ...&).Yb.‘:.‘._l , (2.56)
P
. @2.57)
fsa= ) fscidi
w1 :

The surface moisture associated with a wash stream, ms';, is an input parameter. Equations
(2.58) and (2.59) show the equations for the average moisture content and higher heating value
of the coal entering the thermal drier.



i m'ifsc,ibi |
' - j=1 (1 ” m'i)
Min = 3 B 5 (2.58)

(1-m')

3

im]

fsq

The moisture content of the refuse streams is equal to the inherent moisture content of the
raw coal plus surface moisture associated with the washed streams. Therefore, the average
moisture content of the refuse coal is estimated with the equation below.

- i (mi'rom + ms'i)(1 - Y)fsroM.i
(1 - mi'roM - ms'})

M pef = i=

)1 (1- Ydfspom.i
i (1 - mi'rRoM - mS';)

With the moisture content and higher heating value of the coal entering the thermal drier
determined, it is possiblie to calculate the performance of the thermal drier. Since the model
explicitly calculates the moisture content of the coal entering the thermal drier, m'y, it is possible
for that coal to be drier than the specified moisture content of the coal exiting the thermal drier,
m'oy. Thus, the thermal drier is used only if the coal entering the drier has a moisture content
above a certain level. If the thermal drier is not used the thermal drier yield is set to 100 percent
and the fraction of coal dried and water evaporated are set to zero. If it is used the fraction of coal
dried is calculated with Equation (2.57) and the other parameters are calculated as follows.

W'y = Mi'RoM + MS'oue

If m'y, < Moy then

w'= 0.0

E4=00

LHV =0.0

Ya=10

Yog=10 | (260)
w'. =0.0

fsq=0.0

6=0
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YT m ) (- miog)
Ey=1020m'
Nd
LHV = 0.96 HHV, - 1020 Mgy
- mow)
Yy=1--E4 -
You = (1 - fsg) + fsg Yq (26
W= w Yggwfsd

The ratio of the coal exiting the washing equipment to the coal leaving the plant is defined by
Equation (2.60) or (2.61). This parameter is needed to calculate the amount of coal leaving the
wash streams based on the out capacity of the plant.

The thermal drier does not change the quality of the coals. It does change the weight fraction
of coal in each stream. Therefore, the mass yield and weight fraction of each stream must be
adjusted to account fm: the losses of water and coal in thermal drier. At this point it is more
appropriate to describe the drier yield by individual stream though the streams to be dried are
combined before entering the thermal drier and the yield is the same across both streams.

If 553 1 then

Yai=Yq
else
Yai=1

With the thermal drier yield described as above, the weight fraction and mass yield of each
stream can be calculated as follows:

fsei &

fso,i =~

Yoq

Y=Y Yai
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Figure 2-9: Schematic Diagram of ;t Level 2 Conventional Coal Cleaning Plant
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Level 3 Conventional Coal Cleaning Plant

Figure 2-10: Schematic Diagram of a
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Figure 2-11: Schematic Diagram of a Level 4 Conventional Coal Cleaning Plant
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With the new weight fraction data it is possible to calculate the quality of the coal leaving the
coal cleaning plant. The moisture content of the final product depends on whether any stréam
was thermally dried. From this, the higher heating value, ash and sulfur content on a wet basis
can be calculated with the equations shown below. ‘

If &= 1 then
Mo i = Mo
else

mg‘l = m'm
i m' ifSo,;

my= im] 1-mi
i £80,i
1Mo

3
HHV, = (1 - m'o;) 2, HHV,ifso,i

im]

3
Ao=(1-m') Y AqifSosi

im]

3
So=(1-m'o;) Y, So,ifSo,i
im]

The quality of the final product after the thermal drier may differ slightly from the target
quality specified because the optimization algorithm is based on dry coal properties. The
difference should not be very large since the thermal drier usually has a mass yicld well above
98%. Also note, that if all the streams are picked to be thermally dried, the moc'sl will only
attempt to dry to coal if the moisture content exceeds a specified value.
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3 COPPER OXIDE PROCESS MODEL

gggo').u -
[ ]

ommmg

rZ

Nomenclature

Slope of linear approximation of enthalpy function (Bw/lbsmole “R)
reactor cross-sectional area, m2

Intercept of linear approximation of enthalpy function (Btu/lbmole "R)
initial CuO content, kg CuO/kg Al203

Heat capacity (Btu/"™?)

fluidized bed (expanded) density, kg Aly03/m3

activation energy, KJ/gmole '

sorbent feed rate, kg Al203/hr

frequency factor, 1/hr

molar volume of gas at reaction temperature, m3/kgmole

Enthaipy of i (Btu/lbemole ‘R)

reaction rate constant, 1/t

molecular weight of Cu0, kg/kgmole

mass flow rate of j, Ibvhr

Molar flow rate of j, Ibsmole/hr

molecular weight of j, Ib/lbemole

fractional partial pressure of SO at absorber outlet

fractional partial pressure of SO at absorber inlet

Total energy released or absorbed by reaction (Baw/hr)

Total energy entering device including Qreac (Btu/hr)

Molar ratio of sulfur dioxide entering absorber to available copper
universal gas constant, 0.008314 KJ/(gmole-K)

ratio of the molecular weights of Cix and CuO

absolute reaction temperature, K

inlet flue gas volumetric flow rate, m3/r

weight fraction of available copper in sorbent (kg Cu/kg fresh sorbent)
expanded bed depth, m.

regeneration efficiency, fraction

Alumina substrate
Copper

Copper Oxide
Copper sulfate
Sorbent

Sulfur dioxide

3.2 Introduction

This chapter describes improvements o the copper oxide process model relative to the
original formulation (1). The areas that were modified are the sulfation reaction algorithm in the
absorber, the enthalpy functions used to calculate the temperatures of various streams,and the

energy captured by the air preheater. The sulfation reaction algorithm is described bclow in
Section 3.3. The new enthalpy functions and the heats of reactions are described in Section 2.2

while the changes in the copper oxide model caused by the new enthalpy functions are desm-ibcd
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in Section 3.4. The algorithms that determined the energy captured by the air preheater are

described in Section 2.4. A schematic diagram of the copper oxide process is shown in Figure 3.
1.

Figure 3-1: Schematic Diagram of the Copper Oxide Process
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33  Sulfation Reaction Algorithm

The revised model for the copper oxide process determines the copper-to-sulfur ratio using a
sulfation reaction algorithm developed by PETC (14) instead of an equation based on the
regression analysis of experimental data. The new algorithm accounts for available copper oxide
initially resident in the fluidized bed, the molar ratio of sulfur oxides to inlet availablz copper and
incorplete regeneration of the sorbent. The derivation is given below.

The sorbent flow rate is a key parameter that affects the mass and energy balances, sizing and
cost of most components of the copper oxide process. The sorbent entering the fluidized bed
absorber includes regenerated copper oxide and unregenerated copper sulfate. The required flow
rate of copper oxide, also referred to as available copper, is determined based on the copper-to-
sulfur (Cu/S) molar ratio required to meet the emission control requirement and the smount of
sulfur oxides™n the flue gas. This rate is given by.

The amount of unregenerated copper sulfate entering the absorber is given by

meuso, = [MWCuSQ. ‘“-—-:)1 -m)] Mso,

-

The total sorbent mass flow rete, including copper oxide, copper sulfate and the alumina
substrate, is given by

m, =(ﬂ¥§ﬂ)(m +Meusol 1 + 1.260X )

The available Cu/S molar ratio, 1/r, required to achieve a specified SOz reduction
requirement is estimated based on a first-order sulfation reaction kinetics model developed by
PETC (14). The fractional partial pressure of SO exiting the absorber can be estirnated by

[-Eva)
GFGC (3.2)
exp[klzmc;zcﬁ(1 Po VOM].po VoM
GFGl GFG,
The terms on the right-hand side of the model may be redefined as follows
r = Po Vo M = Inlet SQ, kgﬂo‘ejhr (3.3)

G FC,  Inint CuO, kgmole/hr

(k DA A Qﬂ kgmole CuO in fluidized (3.4)
kgmole/hr flue gas flow
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Equation (3.3) is the inverse of the available copper-to-sulfur molar ratio. Equation (3.4) is
the ratio of the copper oxide resident in the bed to the incoming flue gas molar flowrate,
multiplied by the reaction rate constant. Equation (3.2) may be rewritten in terms of Equations
(3.3) and (3.4) and the SO removal efficiency as follows

Po-P _ expB(l-r))-1
o - B2 - S e

This is a convenient formulation if we wish to calculate the removal efficiency when
regeneration efficiency is 100 percent and B and r are known. However, more typically, we
desire to calculate the value of r required to meet a specified removal efficiency, for arbitrary
regeneration efficiencies. -

The PETC algorithm accounts for two main effects: (1) the amount of available copper oxide
initally resident in the fluidized bed per unit molar gas flow, B, and (2) the molar ratio of sulfur
oxides to inlet availabiz copper, r. However, the PETC algorithm neglects the regeneration
efficiency of the sorbent. When regeneration of the sorbent is complete, the available copper
content, Cp, will be the same as the sorbent copper loading. However, in the more likely case
where regeneration is incomplete, the available copper will be less than the sorbent copper
loading. Since incomplete regeneration reduces the amount of available copper entering the
absorber compared to fresh sorbent, by that reducing the sulfur absorption efficiency, the PETC
model was modified explicitly to include the effect of regeneration efficiency on the Cu/S ratio
requirement. Thus, an expression for Co was developed that includes regeneration efficiency as a
pararneter.

The mass flow of the alumina substrate is given by the difference between the total sorbent
mass flow rate and the mass flow rates of copper oxide and copper sulfate in the sorbent.

MAwo, = {MW-—M;Q[%- + (1‘%)1 -1 + 1.260 x&,)]
[EE S, o

The mass ratio of the available copper (copper oxide) to the alumina oxide substrate, Co 18
then given by the ratio of Equations (3.1) and (3.6). After expanding and then coliecting terms
and approximating the ratio of the molecular weights of copper sulfate to copper oxide to be 2,
rather than 2.006, the following expression results,

- (Rc-m{l :?E%",—"-)(l-m)] &

In the limit where the regeneration efficiency is 100 percent, Equation (3.7) reduces to

RALLI



® Co = Roc)

However, when regeneration is less than complete, the weight ratio of actual copper oxide to
alumina substrate is shown to depend on the sulfur-to-available-copper molar ratio, r, the sulfur
dioxide removal efficiency and the weight percent copper in fresh sorbent.

Substituting Equation (3.7) into (3.4) and then substituting the resulting equation into (3.5)
we obtain the following expression.

expla l-1 -1

L4t ;’3—59*-)(1 -n)

N = 4 T =
exp|a l-1 - (3.8)

Ll + r(D_SQz_)“ -1

N i

where
=kDAGZ[ Xoy

« = AR RS e

In most applications, we wish to solve Equation (3.8) for r as & function of Ns. However, an
interactive numerical technique is required to obtain the solution. Newton's method is very
O effective and convergences within four iterations. .

The rate constant used in Equation (3.9) is estimated as follows

k = Ffexy- g

The equation above is the reaction rate constant as a function of frequency factor, activation
energy and temperature. The activation energy of a UOP copper oxide sorbent is reported to be
20.1 KJ/gmole (15).

PETC report three values of the frequency factor as a function of the sorbent copper loading
in terms of the percent copper in fresh sorbent (14). An equation for the frequency factor was
developed using regression analysis. The three data points show a non-linear relationship
between frequency factor and sorbent copper loading. The following equation was found to
provide good agreement with the data.

Ff = 94,400 106-18xcu R? = 0.998

In the above equation, the sorbent copper loading is the weight fraction of copper as copper

o oxide in the sorbent, to maintain consistency with the model.
Figure 3-2 shows model predictions for the copper-to-sulfur molar ratio based on
experimental data by PETC (14). The model is a function of eight variables, each of that is

LW

Mil.m
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subject to measurement error. Thus, scatter in the plotted data is expected. The scatter in the
predicted Cu/S ratio can be represented statistically by a standard error, which is an indicator of
the variance in the observed Cu/S ratio that is not explained by the analytical model.

Figure 3-2: Comparison of Experimental and Predicted Copper-to-Sulfur Ratio
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34  Enthalpy Functions

In the original copper oxide model described in Reference (1), the enthalpy functions were
approximated with linear equations. In the current copper oxide model, the enthalpy functions
are approximated with .polynomial equations, which are described in Section 2.2. This change
increases the accuracy of the energy balances in the model. However, it modifies the equations
used to determine the energy difference of a stream between two temperatures, the heat capacity
of a stream and the temperature of a Stream exiting a device. Any energy difference between two
'known temperatures in the current model is found by using the new enthalpy functions. Any heat
capacity in the current model is found using the form (3.16). The change in the algorithm to
determine the temperature of a streatn exiting a device is described below.

Since the enthalpy functions were linear, the temperature of a stream exiting a device could
be determined explicitly. For example, Figure 3-3 shows two streams with known temperatures
entering a device and undergoing an exothermic reaction. The energy balance of the device is
shown in Equation (3.10). If the enthalpy functions are of the form shown in Equatdon (3.11),
then Equation (3.10) can be solved for the exit temperature as shown in Equation (3.12).

M, h1(T1) + M2 ha(T2) + Qreac = M3 h3(T3) (3.10)
h(M=aT+b - (3.11)



o= Ml Ti 4 b+ Ma(a; Ty + by) + Queae by (3.12)
3 Mj a3 a3 .

In the current copper oxide model, the enthalpy functions are of the form shown in Equation
(3.13)12, Because of the form of the enthalpy functions, Equation (3.10) cannot be solved for the
exit temperature explicitly. Instead a two step iteration replaces the equations in the original
copper oxide model which determined temperatures from an energy balance. In the first step, an
initial estimate of the temperature is made using Equation (3.14)13, For the second step, the exit
temperature is determined with Equation (3.15). In Equation (3.15), the inlet stream that has the
greatest effect on the exit temperature is used for T). This two step iteration is very accurate for a
variety of cases studies.

AT De6TS )
hCTn)=ATg+§%—6?B--3‘2.%fé+“§ﬁ'2'K'l-33298.ls (3.13)

A

T, =M hl(Tx)Tl*'Mzhz(Tz)Tz(l + Qresc| (3.14)
guass M; hy(Ty) + Mz hz(Tz) onud

T3 = le&l - M3 h3(Tl) + Tl ‘ (3.15)
Cm.lv; ’
where
Quotal = M1 h1(T1) + M2 h2(T2) + Qreac
P = M3 [hsg&s.)’}hs('rx)] (3.16)
guess 1

Figure 3-3: Typical Device in Copper Oxide Process
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12 The constants A, B, C, D, and Hagg 15 are given in Table 2.3. _ _
B in the current copper oxide mozd?gl.lme emperature of the flue gas exiting the absorber is deternuned with
Equation (3.14), since the correction determined by Equation (3.15) is insignificant.
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4 NOXSO PROCESS MODEL

4.1 Nomenclature

utilization constant for specie, j, in regenerator (fraction)

English Letter Symbols
Ak area of device, k (ft2)
Ceategorie capital charges associated with startup ($)
Cidx chemical engineering cost index
Co molar gas concentration of SO3 in the flue gas entering the adsorber (ibemole/ft3)
CF capacity factor of power plant (fraction)
DCCx capital cost for device, k (M$)
e notation for specifying power of 10.
Ejk energy flow rate of specie, j, at device, k (Ibsmole/::r)
ECy electricity consumption of the device, k (kW)
fmakeup attrition rate of sorbent (fraction)
fj,wet air amount of specie, j, in ambient moist air (fraction)
Pk quantity of specie, j, produced in device, k (fraction)
Fo constant used to estimate amount of sulfur from oil (fraction)
FOC fixed operating cost ($/yr)
gk gas flow rate for device, k (ft3/min)
J temperature molar enthalpy of specie, j, at specified temperatire (Bay/lbemole)
fluidized bed height in adsorber (ft)
HHVj higher heating value of specie, j, (Bt/lb)
HR heat rate of power plant (kW-Hr/MBtu) 0
i inflation rate (fraction)
Ka apparent rate constant (atm-1 sec"1)
LMTDg log mean temperature difference of device, k (°F)
m; mass flow of specie, j, (Ibs/hr or tons/hr)
M'j'k molar flow rate of specie, j, for device, k (Tbsmole/hr)
M) Pound mole per pound of coal entering furnace of species, j. (tbemole/Ib coal)
MWy gross electrical capacity of power plant (MW)
Nt initial loading of the active Na on sorbent (Ibsmole/ib)
NOP number of operating adsorbers
NRD number of spare adsorbers
OCcusgorie  annual operating cost ($/yr)
Qx heat load across heat exchanger device, k (Btu/hr)
p interest rate (fraction)
Px pressure of the device, k (" water or atm)
RTg residence time of sorbent in device, k (hours)
R Ratio of SO, removal eﬂimmcy 10 NOy removal efficiency (fraction)
Tsj.k temperature of specie, j, for the device, k CF)
TCC total capital cost ($)
TPC total plant cost (3)
TP1 total plant investment ($)
TDC total direct cost (3)
TvVC total operating and maintenance cost, sum of FOC and VOC ($/yr) -
Uk universal heat transfer coefficient for device, k (Buwhr-fi2 °F) o
UGj unit cost of specie, j, ($Aunit) 7
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superficial velocity of flue gas through adsorber (ft/sec)

\Y
voC variable operating cost ($/yr)
WNa weight fraction of sodium to sorbent (fraction) ‘
X mean value of the fractional conversion of the sorbent in the entire adsorber (fraction)
y molar fraction of SO2 in the flue gas (fraction)
Greek Letter Symbols
ONOX fraction of NOx returned to boiler that is destroyed (fraction)
AHg heat of reaction in device, k (Baw/hr)
njk efficiency of device, k (fraction)
A molar stoichiometry of SO2 to active sorbent
Psorb bulk density of sorbent (Ibs/ft3)
Subscripts
1 specifies the first part or half a device, k
guess used to indicate the guess of a value in the interpolating algorithms
i stands for inlet
jk used in sums to specify equipment or species.
o stands for outiet
std emission standard for either SOx or NOx
Species:
acid sulfuric acid
air air
ash ash
c combustion air for gas bumer not including air needed to maintain maximum
temperature :
CD carbon dioxide
M carbon monoxide
Cs carbon oxide sulfide, COS -
ex .excess air for the gas bumer needed to maintain temperature
H hydrogen, H2
HS hydrogen sulfide, H2S
M methane, CHy
makeup makeup sorbent
N nitrogen, N2
NO nitrogen oxide, NO
ND nitrogen dioxide, NO2
0 oxygen, 02
st steam
sorb sorbent
S sulfur, S2
sC sulfur compounds, includes COS, H2S, S2, SO2 and SO3
SD sulfur dioxide, SO2
SOX sulfur dioxide and sulfur trioxide
ST sulfur trioxide, SO3
W water, H20
Equipment:
aph air preheater
AD adsorber
AH air heater for sorbent heater
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AP acid plant

B boiler of power plant

GB gas bumer

R regenerator

R&S regenerator and steam treatment vessel

SC sorbent cooler

SH sorbent heater

STV steam treatment vessel
Categories for capital and operating cost:

acid acid plant

admin support and administration labor

credit income from sale of sulfuric acid

eng engineering and home office fees

g general facilities

inv inventory capital

maint-labor maintenance labor
maint-matl mainienance material

makeup makeup catalyst due to attrition loss

marketing marketing and shipping charges for selling sulfuric acid
misc royalty and land charges

oper operating labor

proc process contingency

proj project contingency

startup starwp charges for one month

work working capital

42 Introduction

This chapter describes improvements to the NOXSO process model originally developed by
Barrett (1). Most of these changes have been reported in previous reports to PETC. (16, 17).
Other minor improvements change how sulfur from the air heater is handled and modify
Equations (4.1); (4.2), (4.3), (4.7) and (4.8). Another improvement couples the SO; and NOy
removal efficiencies in the absorber by an input parameter, R. This change modifies Equations
(4.4) and (4.5).

The basic NOXSO model is based on designs by NOXSO Corporation (18-21) and Stearns-
Rogers (22). The design of the process has changed over time to incorporate other potential
improvements. The current process design for this model is based on a study for EPRI (22), with
one modification suggested by NOXSO Corp (23), i.e., using methane as the reducing gas
instead of synthesis gas produced from a Texaco Coal Gasification System.

The NOXSO process is intended to remove over 90 percent of the SOy and NOx from the
flue gas of a coal-fired power plant. The pollutants are adsorbed onto a sodium coated alumina
sorbent in a fluidized bed reactor. The sorbent is regenerated producing various sulfur
compounds and NOy. The NOy and some SOjx are returned to the boiler, while the remaining
sulfur compounds are sent either to a sulfuric acid or Claus plant. The NOy returned to the boiler
is expected to decompose partially into nitrogen leading to a steady-staze NOx concentration.




A proposed process diagram is shown in Figure 4-1. There are four major mass flows in the
NOXSO process: (1) the sorbent recirculation stream, (2) the regenerator off-gas sent to the acid
plant, (3) the sorbent heater gas stream containing NOy and SOy returned to the boiler and (4) the
combustion/flue gas stream. This process diagram differs from the one used for the initial model
developed by Barrett (1) in the following ways:

« oil is used instead of coal in the sorbent heater

» the cyclone in front of the adsorber has been removed

« . methane is used for the reducing gas

* the adsorber by-pass option has been removed

Figure 4-1 is best understood by examining each major mass flow separately. The first mass
flow is the sorbent stream. The sorbent entering the adsorber contains some residual sulfur
compounds. The sorbent removes NOx and SOx from the flue gas while raising the temperature
of the flue gas”When inside the sorbent heater, it releases all the NOyx and about 8 to 10 percent
of the SOy in the sorbent. The sorbent then enters the regenerator where methane (or another
reducing gas) is used to remove additional SOy in the sorbent. After the regenerator, the sorbent
enters the steam treatment vessel where steam is used to removed most of the remaining sulfur
compounds. Finally, the sorbent is cooled and makeup sorbent is added before it is returned to
the adsorber. '

The second major mass stream is the off gas from the regenerator. This gas stream is critical
to the cost and performance of the acid plant, since its composition can drastically affect the cost
of the sulfur recovery system. Its composition depends on the type and quantity of reducing gas
used and the design of the regenerator and steam treatment vessels. In communications with
NOXSO Corporation they have suggested that these two vessels be replaced with a single vessel.

The third major stream is the air stream used to heat and cool the sorbent and to return the
NOy (and some SOy) to the boiler. Recent tests have indicated that approximately 65% of the
NO; returned to the boiler is decomposed (24). This air stream also contains a significant amount
of oxygen, so it is used to reduce the amount of combustion air entering the air preheater. This
gas stream enters the sorbent cooler where it is heated by cooling the sorbent to approximately
210 °F. Then it enters the sorbent heater where it picks up the NOx and some SOx. After leaving
the sorbent heater it mixes with combustion air and enters the boiler.

The last mass flow is the combustion/flue gas stream. The inlet air passes through the air
preheater and picks up the gas stream exiting the sorbent heater. This gas stream contains NOy,
SO, and the products of combustion from the air heater, plus air used to heat and cool the
sorbent. The inlet gas entering the air preheater is reduced in proportion to the amount of oxygen
entering this stream. The SOx comes from the sorbent heater and the combustion of #6 fuel oil.
This combined gas stream enters the boiler where some NOy decomposes. After the boiler it
passes through the air preheater, where it picks up additional air leaking across air preheater.
After the air preheater, the flue gas is cooled by adding water. It then enters the adsorber, where
most of the NOx and SOy are removed by the sorbent. The cleaned flue gas picks up the attrition
particles of the sorbent and enters the fabric filter. Here, particulate matter is removed before the
gas is vented to the atmosphere.

6 -
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‘Figure 4-1: NOXSO Process Diagram |
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The adsorption and regencration chemistry of NOx and SOy are explained in detailed in
manyreports cited earlier, so only a brief summary will be given here. SOy is adsorbed onto both
the sodium and alumina substrate and is dependent on several parameters:

* Sorbent flow rate

e Available sodium on sorbent

« Oxygen content of flue gas

*  NOx concentration

» Steam concentraticn

o Degree of dehydration on the sorbent surface



» Temperature of sorbent :

The adsorption of NOy is dependent on the temp=ratures and flow rates of sorbent, SOy,
steam, oxygen and the type of reducing gas used. It has been found that increasing the
temperature decreases NOx removal, while using methane for regeneration of SO improves the
NOx removal efficiency.

The regeneration of SOy is a multi-step process. The first step is to heat the sorbent to
approximately 1000°F, where approximately 8 - 10% of the sulfur compounds and all the NOy
are released. The next step is to treat the sorbent with a reducing gas that releases COS, H3S, Sa
and SO». These gases are sent to the acid plant. Finally the sorbent is treated with steam to
convert as many sulfites to HaS as possible. NOy is regenerated by heating the sorbent to 1000°F.

4.3 Performance Model

The primary purpose of the process performance model is to characterize the major flow rates
defined in the previous section and to predict the NOx and SOx removal efficiencies in the
adsorber. The NOXSO process recycles some NOx and SO, removed by the adsorber. This
requires the adsorber to have a removal efficiency higher than the efficiency required by the
emission standards. The recycled SO2 comes from the sorbent heater and the acid plant, while
another source of SO is the air heater. The NOx and SO; removal efficiencies are also linked.
For all the NOXSO designs proposed, the adsorber temperature has remained approximately the
same, 250°F. At this temperature the NOx and SO; removal efficiencies are the same. Therefore,
our current model assumes a bed temperature of 250°F and that the ratio of the NOy removal
efficiency to SO2 removal efficiency is given by a constant input parameter, R. The following
procedure is then used to determine the sorbent flow rate:

« The required SO, removal efficiency, Ts02, in the adsorber needed to meet the emission
standard is determined. It includes the effects of recycled SO, and SO; from the air
heater.

« The required NOy removal efficiency, TINOx. in the adsorber needed to meet the emission
standard is determined. It includes the effects of recycled NOy and the NOy ‘destroyed’ in

the boiler.

« IfRis less than or equal to 1, the actual SO; removal efficiency, N1$02,A, is the maximum
of either INox / R or Ns02.

« If R is greater than 1, the actual SO removal efficiency, Ns02,4, is the maximum of
either NNOx or Nso2 * R.

« The actual NOy removal efficiency, NINOx.A, 1S TI502,A * R.

Figure 4-2 shows a simplified diagram of the flow of sulfur compounds through the NOXSO
process. It should be noted that the steam treatment vessel and the regenerator have been lumped
together. The sulfur dioxide from the oil burned in the air heater is dependent on the sorbent flow
rate, which depends on the sulfur removal efficiency in the adsorber. Since this is an iterative
problem, the approach taken is to increase the removal of the sulfur dioxide in the absorber by a
constant. This constant is called the oil factor and usually is about 1% of the sulfur from the coal.
Because the SO; emission standard remains the same, all the sulfur from the oil must exit the
process as acid. The performance of the NOXSO process is not very sensitive to the value of the
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oil factor, so it is not necessary to estimate this value precisely. The following efficiencies are
either known or assumed: ‘

¢ SOy emission standard and removal efficiency, Ngqy

-« fraction of sulfur retained in bottom ash, T,

+ fraction of sulfur compounds not released in the sorbent heater, gy

o fracton of sulfur compounds regenerated in the regenerator, Ng

- fraction of sulfur compounds regenerated in the steam treatment vessel, TigTv

 fraction of sulfur compounds converted to sulfuric acid in acid plant, nap

Figure 4-2: Simplified Diagram of Mass Flows for Sulfur Compounds
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"The objective is to derive the actual SO2 removal efficiency in the adsorber knowing the SOx
in the flue gas from the coal, the removal efficiency required by the emission standard and the
efficiencies of the sorbent heater, regenerator and the acid plant. It is assumed that none of the
SO returned to the boiler from the sorbent heater is retained in the bottom ash. These mass
conservation equations (Equations 4.1) are needed to calculate the apparent and actual SOx
removal efficiencies in the adsorber:

! M
= L] M (4t1)
Mg = Mg - Mny 12 % "“liw
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) M
Mg = 'ﬁ;}% ' My4 = (Mya + Foit) M3 .
Mj = (1 -7ras) Mo Ms = Mg + My
M ..MJZ.. )
10 = My=(1-nuad M3
NR&S

where MRS = MR + (1 - NR) NSTV

The apparent removal efficiency is the SOx removed by the adsorber, Mg, divided by the SOx
from the coal, M3. Substituting for Mg and simplifying yields Equations 4.2 which determines
the apparent removal efficiency based on known values:

Mp . ]
Mo (1 - NRras) i Mo (T\R&S e n-slH) (4.2)

=Ms _ Mg-My _ TisH
Newp M; Mj M3 M;s

no o Mz (eas - 1+ i) Mg (nmas - 1+ ) M (s + P nmas -1+ ns)
P M3 NRas M3 TiRas Tiap M3 Nras Nap

gy = T+ Foit) (mas - 1+ nidy)
A RS TIAP

The actual SO, removal efficiency in the adsorber is the SO, removed, Mg, divided by the
SOy entering the adsorber, Ms. Substituting T\ ,;M3 for Mg and simplifying, yields the actual
removal efficiency.

nsox =M = Nz M3 Negp M3 - (43)
Ms Msg+M7 TNgpMi+(1-Nudd M3 TNap+ 1-Maa

The next step is to determine the NOy removal efficiency required by the emission standard
(including the effects of recycling NOx to the boiler). Figure 4-3 shows a simplified NOx flow
diagram. The following parameters are kriown: the NOy produced orie:nally, Mg, the emission
constraint, Mg, and the fraction of NOy “destroyed™ in the boiler, SNox. The actual NOx
removal efficiency is the NOx removed, M9, divided by the NO; entering the adsorber, M.

Sub: tituting for M4 and M3 and simplifying yields:
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: Tinox Mg
' M -
TlNox=ﬁ.m= ; 12 — = TINOX
17 M'e+(1-8Nox)M'19 M’y , (1 - dnox)MiNox M'1s (4.4)
1-Tinox
Solving the above equation for nNox yields
Tno =—— 16 Mg (4.5)
M'y6 - (1 - Snox)M'1s
Figure 4-3: Simplified Diagram of Mass Flows for NOx
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NOXSO has reported that the actual NOy removal efficiency is related to the SOx removal
efficiency. However, a steady state relationship between Niyox and the SOy removal efficiency
could not be determined from the available data, so this relationship is modeled as an input
parumeter, R, which is the ratio of NOy removal efficiency to the actual SO; removal efficiency.
Since the actual SO7 removal efficiency equals R times the actual NOx removal efficiency, the
actual SOy removal efficiency is chosen so that both the SO2 and NOx emission constraifits are
satisfied. the actual NOy removal efficiency is R times the actual 502 removal efficiency.

if R » 1 then
Tsox. = maximum(finox, R Tisox)
else

Tisox.a = maximum(fyex / R, Tisox )

Nnox.a = R Msoxa (4.6)

With NOy removal efficiency determine, the amount of NOy removed by the adsorber and
the NOx cnwingthcndmbﬂmbedemmnedwiththefonowingequﬁm:

My7 = Myg + (1 - Bnax)Mig = Mig + (1 - Snax) Tinox.a M 4.7

W\Mu Vool b

oo W
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M
My = 16 4.8
1-(1- 8nox)INOXA “8

Mis = Nyox.aMy7
With the actual SOy removal efficiency in the adsorber known, it is possible to determine the
SOx removed by the adsorber and the SOy remaining in the flue gas. Equations 4.6, 4.7 and 4.9
are easily derived from Figure 4-2. The derivation of Equation 4.8 is quite involved and is not
presented here. The ratio of sulfur exiting the absorber to the sulfur removed by the absorber is

C=%=1-(l-ﬂw)ﬂsu (4.9)

M7 =M;5 (1 -Ns502.4)

_ Mi Nso2.4 € (1 + Foi)
¢ - Nsoza (1 - NsH + (1 - NaP) NRaS NsH

Ms

Mg = M6

c

The sorbent flow rate is determined by an algorithm developed by NOXSO (24). The
numerator in Equation 4.10 is the SOx removed by the adsorber, Mg. A is the stoichiometric ratio
of sulfur removed to available sodium and is assumed to be unity (23). The parameter X can be
determined by existing algorithms (24).

) A, VC{y, - yo)yz M, (4.10)
sorb ANX AN X

m

Yo
Inf Ty In(1-n )\
X= AN P SOXA 41
k,PH kPH
H, X,, P and A are input parameters. K, is currently set to 3.7 according to (24), while P is
assurned to be 1 atmosphere. N, is the loading of active sorbent material to the weight of sorbent.

This can be determined by the following equation:

N = le
23 M,

Once the sorbent flow rate is known, the makeup sorbent rate and the energy ruyuired 10
pump the sorbent can be determined. The makeup sorbent rate is assumed to be a fruction of the
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sorbent rate and is an input parameter. Energy to pump the sorbent is assumed to be proportional
10 the energy estimated in the EPRI report (22):

Mmakeup = fmakeup Msorb
ECsorb = 1795 kW / 1.3486e6 lo/hr * mgorp, = 1.32¢-3 migorp

The energy required to raise the sorbent temperature to 1110°F from the exit temperature of
the adsorber is simply the difference in enthalpy times the sorbent flow rate. This determines the
amount of air needed by the sorbent heater. It is assumed that the air wemperature drops from
1280°F to 610°F in the sorhent heater.

Enorb.SH = O50rb(1110) - Brt(250)) mpors

Esorb. SH

M. =
“SH R, (1,280 - B (610)

Once the flow rate of the air is determined .2e amount of energy needed to heat the air to
1280°F is equal to the energy flow rate of air a: 1280°F minus the heat given up in the sorbent
cooler minus the energy flow rate of air at 100' ¥, which is the temperature of the air after the
compressor. The sorbent flow rate at the sorben: cooler is approximately 7% less than when it
left the adsorber; it is also assumed to drop from ¢70°F to 210°F.

The energy required to heat the air determir:=s the oil requirement for the air heater. The
efficiency of the air heater is an input parameter. "he electricity consumption of the compressor
is determined by the flow rate of air and the pressure increase, which is assumed to be 84” of
water,

E o =| Bus1280) - B 000, 0.0 B 0700 -6, G100V,

1.4-1

14
pe o > Mansn | 1.4 Y (14.657 + 361202484 _1 |80+ 460)
ir.SH = | 0.75%60%44,240 A 1.4-1 12.687

Once the energy requirement to heat the air is known, this determines the oil requirement for
the air heater. The efficiency of the air heater is an input parameter and 18% excess air is
assumed. With the oil consumption known, the amount of combustion air for the air heater can
be determined. The oil is assumed to be a heavy fuel oil, with a higher heating value of 18,400
Bru/lb and the following composition: 87.87% carbor, 10.33% hydrogen, 1.16% sulfur, 0.14%
nitrogen and 0.50% oxygen (8). The actual composition is not extremely critical, yet the
components are in place in case another fuel, such as coal, is used.

Er.sh
m oy ND csmwsismcmsm— o em—"—
oil = HHV M,y



0.8787 , 0.1033 _ 0.0116 _0.005
=[ 12 4 T3 TR )l'lsmoil
sr.AH f() wet air

m

The amount of steam and methane used in the regenerator and steam treatment vessels can be
calculated once the sulfur flow rate exiting the sorbent heater is found. The methane requirement
for the regenerator is assumed to be proportional to the sulfur dioxide entering the regenerator.
According to NOXSO, approximately 3690 SCEM of methane are needed for 575 Ib-moles per
hour of sulfur dioxide (25). Alse 3.34 moles of steam are needed for each mole of sulfur dioxide
entering the steam treatment vessel. The constant converting SCFM to lb-moles/hr is 0.1585
assuming at standard temperature of 58°F.

Msc,ri = Msc.Ap Mgy
Mg = 3690 /575 * 0.1585Msc,;

Mw stv,i = 3.34 (1 - Ngrv) Mscr;i

The utilization of methane and steam and the fractions of SOy, HjS and Sy produced in the
regenerator are input parameters. It is assumed that there is sufficient oxygen to convert all the
carbon in the methane to CO;, that no COS is formed and that all only H2S and steam are
produced in the steam treatment vessels. The moisture content of the regenerator gas is assumed
to be the steam not used in the steam treatment vessel plus the hydrogen released when methane
is converted to carbon dioxide minus the hydrogen used to form hydrogen sulfide. This gas is
sent to either a sulfuric acid plant or an elemental sulfur (Claus) plant.

MMmpo = (1 - NRMMR,i

Mspro = fPsDR IRMSD R.i

MusRo = (fPHS.R TR + (1 - NRINsTVIMSDR
Msro = (1 - fpspr - fPHSRIMRMsDR.i /2
MMRo = (1 - Utm) MMR.i

Mcpro=UtM MMR:

Mw R0 = (1 - Utw)Mw sTv,i + 2McDRo - PHS,R TIR MsD RS

The next step is to determine the composition of the gas returned to the boiler. This gas
streamn consists of three other streams. The first is the air used to heat and cool the sorbent,
Muir s The second is the NOx and SOx picked up by this stream in the sorbent heater. Finally,
there is the flue gas from the air heater. The off gas from the acid plant is returned to the flue gas
upstream of the adsorber. Since it is a small stream and to simplify the calculations, it is treated
as SO returned to the boiler. It is assumed that only SOz is returned to the boiler from the
sorbent heater, acid plant and air heater. The composition of NOy returned to the boiler is
assumed to be in the sarne proportions as that generated in the boiler. The temperature of this gas
stream is estimated to be 620°F (22).
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B P

MNEB; = fN wet sirMair, s+ 0.0014 / 28 M,;

Moa, = fo,wet air(Mairsu+ 0.18 / 1.18 Myic AH)

Mw B,i = fw,wet air(Mair,sH+ Mair,an) +0.1033 /2 Moy

Mcpp, = 0.8787 /12 Mg

Msppi= \[(lif Y ”wﬂ) '*‘{(1’ - IAPMsHNR&S)Msp a0 +0.0116/ 32 Mgy
MNog,i = ﬁ‘fN@-&WN@M.M

MnD 3, = (1 - fpNoBIMNOX.A0

Now the inlet combustion air and the composition of the fiue gas exiting the boiler can be
determined. The oxygen being return=d to the boiler reduces the combustion air entering the air
prcheater. Since the nitrogen and moisture are based on the oxygen content, the only variable
which needs to be modified is the oxygen required. See Chapter 2 for more details on how the .
variables, Mg ;, are determined. Once these parameters are known, the composition of the flue
gas exiting the boiler can be determined:

Mo AP, = MO required - MO,B,i

Mcp,B,o = M ,coal + MCD B

Mw B0 = Mw coal + Mwap + 0.5 MH coal + MW B
Msp B0 = fpsD,B Tlash MS coal + MsD B.i

MsTB,0 = (1 - fpSD.B) Nash Ms,coal
Naﬁgmcoml
o crn————
1-fPnp
M prO.BMN’DaYig ‘

NOorig = |- Pros

MNDB.o = MND orig + (1 - SNoxX)MND,B.i

MNOB.0 = MNOerig + (1 - SNaxX)MNo B,

MNB, = 0.5MN,c0a! + MNAP,i - 0.5(MNO,crig + MNDaxig) + MNg,i + 0.5MNoX A
Mog.0 = Mo AP + 0.5Mo coa - Mc ooal - 0.25MH coal - fPSDBNeatMs,con - 1-5MsT B0

- 0.5MNO orig - MND.orig + Mo B + Snvox(MNpg.i + 0-5SMnoB4)
With the flue gas flow rate and combustion air determined, the air preheater model can be

used to determine the flue gas temperature leaving the air preheater, Teg Ap .o and the tetnperature 0
of the combustion exiting the air preheater, Tyir APo. Now the amount of water added to cool the



flue gas to 210°F and the volumetric flow rate into the adsorber can be determined. The water
needed to cool the flue gas is the-energy loss of the flue gas between the exit temperature of the
air preheater and 210°F divided by 20,204 (the energy needed to raise a mole of water from 60°F

to 212°F saturated steam). Now the gas flow rate into and exiting the adsorber can be
determnined:

'8
Y, (T, ap0) - hi(210)Mi g
<
20,204

Mw f3,added = -

8
LZMU; + MW,fg,.ddii) 1,545 * (210 + 4€0)
G,.=

i=l

Ad 14.687 * 144 * 60

= G, et 460

Gao = Gaigi0 260
With the volumetric flow rate determined, the number of operating train and the size of each
adsorber can be determined. Each adsorber in EPRI report handled 450,000 acfm (22). The
algorithm to determine the number of redundant trains is retained from Reference (1). The
electricity consumption is required to overcome the pressure drop, in the adsorber (22" water)

and to power the blower for the air heater. This blower is assumed to have a 4™ water pressure
drop.

- Ga.i
NOP = roun m)

‘ NOP NOP
NRD=1+ if(""["" 1]> 1 then mund("T‘ 0'5)- lelse 0

_ G
AT 60NOPV

ECrc = 1.38¢4 * 22 Ga o

_ 1,545 (80 + 460) MaK , 4 « 4
ECu="r5gvaav60 o
The NOXSO process consumes low pressure steam in the steam treatment vessel, while the

acid plant may produce steam. Therefore, the net steam consumption or credit is the difference
between the steam consumed by NOXSO and that generated by the acid plant. The temperature
of the steam from the acid plant is set to 665°F, the temperature of the steam required for the
NOXSO process. Then, 15,940 Bt is the energy required to raisc a mole of saturated water at
226°F to saturated steam at 338°F minus the value from the enthalpy algorithms at 338°F. The
boiler is assumed to be 88% efficient. Therefore, the total power consumption of the NOXSO
and acid plant is the sum of the requirements for the pressure drop in the flue gas, transport of the
sorbent, compressor for the sorbent cooler, blower for the air heawr, the acid plant and (if
required) the steam consumption:

A
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fi, (665°F) + 15,940
- W v
F‘Cnﬂm =@ WSTV ~ Ms:um.AP) 0.88 *HR

ECyuw = ECgg + ECyp 5c + ECal + EGoory + ECap + if ECoteam >0

The energy is added to the power plant from the steam generated by the acid plant and the air
recycled to the boiler. The electrical equivalent for the steam is straight forward. The energy
credit for the air recycled to the boiler is more complicated, since it also reduces the amount of
inlet combustion air and changes the performance of the air preheater. The energy credit for the
recycled air is the energy flow rate of the recycled air plus inlet combustion air at the new air
preheater exit temperature minus the energy flow rate of the original combustion air at 515°F.
The original combustion air is the air required for the coal consumed.

ECtrecycied = Mrecyetsd(620) + Meomb.aifi(TAP.0)- Meombaifi(515)) / HR
if Ec‘m < O then Ecr;m = 'ECM else 0

ECruow = ECrrecycled + ECoteam

4.4  Economic Model

The current economics model for the NOXSO process is based primarily on the recent case
study by EPRI (22). The major difference is that methane is used for the regeneration step rather
than a synthesis gas produced on-site.

The capital costs are scaled to five key parameters: flue gas flow rate, sorbent flow rate,
makeup flow rate, area of the adsorbers and oil consumption. The values of these parameters for
the EPRI base case plant (1000MW, 4% S coal) are: 3.6¢6 acfm, 1.36¢6 Ib/hr, 880 Ib/hr, 2542 i2
and 7200 1b/hr. The arca of the adsorber, 2545 fi2, is estimated from the gas flow rate into the
adsorber, the number of operating trains and the gas velocity through the adsorber. The capital
cost for a larger air preheater, if that option it chosen, is also included as a part of the capital cost
for the NOXSO process. :

4.4.1 Capital Costs

The EPRI report lists plant components by section with delivered equipment costs itemized.
The report also gives the total cost of each plant area. The cost of the components can be
summed and divided into the total cost to determine a multiplier for each area. The total
equipment cost, total process capital and the appropriate multiplier are given in Table 4-1. Note
that the design plant size is two 500 MW units. The regencration system, area 40, contains a
Texaco Coal Gasification System for producing regeneration gas. This item has been removed
from the total listed in area 40 of Table 4-1. It was assumed to0 have a muitiplier of one, since it is
& delivered system. The sulfuric acid plant, particulate removal and waste disposal areas are not
listed since they have been explicitly modeled elsewhere in the IEC model. '

The capital cost coefficients for each major paramsters are estimated by adding all the
component costs associated with each parameter, then divide through by the base value of the
parameter (from the EPRI report) raised to the 0.7 powez. The makeup rates of sorbent and oil
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consumption are used to scale the reagent feed system. Since the Texaco Coal Gasification
System is not used, liquid oxygen storage is not needed. Miscellancous process equipment is
included in the coefficient for oil. Therefore, the total capital cost for area 10is:

_ 1,651,777 0.7 965,006
DCCy =57 Doy T 0.7

880 0.7 el

0.7 _ 0.7 0.7
p— m 14,350mm‘kwp+ 1.925m ;, (4.11)

Table 4-1: Area Cost Multipliers for NOXSO Process

Equipment Total
Area Description Costs Cost Multiplier
10 Reagent Feed System 12.76 5.57 2.29
20 SOz Removal System 7.52 2.52 2.99
30  Flue Gas Handling System 27.00 13.65 1.98
40  Sorbent Regeneration System 15.66 9.99 1.572
70 General Support Equipment 0.30 0.17 1.77

a Does not include the Texaco Coal Gasification System.

The capital cost for the flue gas equipment is broken into two components. The first
component is area 30, with a slight modification to the capital cost for the LD. fans. Since the
adsorber does not cause the entire pressure drop across the LD. fans, it is only charged for its
portion of the pressure drop, 22" water. Since the LD. fans are sized for 30" of water, the
NOXSO process is charged for 73% of the LD. fans and dampers. The capital cost for the duct
work associated with the multicyclones and ESP are not included. The second component is the
adsorber, which'is in the SO removal system in the EPRI report. However, its cost is related to
the flue gas flow rate, so it is included with the flue gas handling system. Thus:

20,599,176 0.7 5,292,001 0.7
DCC, = L0272 210 &7, et . (NOP+ NRD) A
“x 3,600,000%7 A 10%2,542"7 A

0.7 0.7 (4.12)
DCC,, = 530G, | + 2,188 (NOP + NRD) A,

The capital cost associated with the sorbent flow rate includes part of area 20 and most of
area 40. The Texaco Coal Gasification System, regenerative gas burner and the acid plant
compressor are not included. Th: regenerative gas burner and acid plant compressor are part of
the acid plant model. The equipment from area 20 is the regenerated sorbent transfer hopper and

the pneumatic conveying system. The capital cost associated with general support equipment is
waken as a fraction of the previous capital cost arcas. The results are:

15,132,844 0.7
= 0.7 Poord

o~ TI0mD; (4.13)

40
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296,121
DCC.,O = WCCIO + DCCw + DCC«))

I.CC,q = 0.007(DCC, , + DCC,, + DCC,;)

The total direct capital cost is the sum of Equations 4.11 through 4.14, plus the cost of a
larger air preheater (if needed). The indirect capital charges include general facilities,
engineering fees, project and project contingencies. These are assumed to be 10%, 12.5%, 21.2%
and 13.4% respectively, of the total direct capital cost. The total plant cost is the sum of the
following items, plus the total capital cost of the acid plant.

DCCrou1 = DCCg + DCCsp + DCCyp + DCCr0 + DCCaPH
DCCyt = 0.10DCC o

DCCeng = 0.125DCChor

DCCproj = 0.212DCCou

DCCoroc = 0.134DCCroig

TPC = DCCyu1 + DCCyt + DCCeng + DCCproj + DCCrroc + TCCxid

The cost of interest during construction is a function of the interest and inflation rates and is
taken as a fraction of the total plant cost. The project is assumed to take three years to complete,
with an equal arnount of money spent cach year. Al funds are expended in the middle of each
year. The interest rate is a function of the debt/equity ratio and is calculated according to EPRI
guidelines (12). The startup charges are estimated to be one month of the fixed and variable
operating costs plus 2% of the total plant inventory cost. The royalty charges are assumed to be
0.3% of the total direct capital cost. The land costs are scaled to the size of the gross size of the
plant. In sum:

0.5 LS 2.5
TPI = 1+i 1+ A+ TPC
1+p) *il+p] *+|l+p 3

Catarnp = (FOC + VOC) / 12 + 0.02TPI

Crisc = 0.005DCCioua + 4.97¢- MW,
Working capital is estimated as 60 days of consumption at full capacity for the makeup

sorbent, methane and oil. The sorbent cost is $2.5 / Ib, the cost of oil is expressed in $ per Buy,
while 0.378 converts 1b-moles/hr to MSCF.

Coronk = (2-50makeup + 0.378UCMMM R, + UCouHHVoamon)24 * 60
The inventory capital cost of the sorbent is estimated from the mass of sorbent in the process
equipment. The settled bed height is estimated to be one-half the expanded bed height. The

amount of sorbent in the adsorber is estimated from the area of the adsorber, settled bed height
and density. The amount of sorbent in the rest of the system is estimated from the residence




times of equipment and the mass flow rate of sorbent. The total capital cost is the sum of the total
plant inventory, startup charges, working capital, inventory cost, land and royalty fees:

H Msorb
Cinv = (‘i—' AAp,orb + "N"s(’%r; (RTR + RTSH + RTsc))(NOP + NRD) * 2.5

TCC =TPI + Cstarrup + Cwork + Cinv + Crmisc

4.4.2 Operating and Maintenance Costs

Annual operating charges consist of fixed and variables charges. The fixed charges consist of
the operating, maintenance, administrative labor and the maintenance materials. It is estimated
that 5.2 workers per hour at $19.70/hr are needed for operating labor. Maintenance labor and
materials and administration labor charges are estimated using the EPRI guidelines (12).
Maintenance cost is 4.8% of the total plant cost excluding the total capital cost for the acid plant.
Labor accounts for 40%, while materials account for 60% of the total maintenance cost.
Administrative and support labor is estimated to be 30% of the operating and maintenance labor.
The variable charges include the costs for makeup sorbent, methane, oil and miscellaneous
charges. The result is:

OCoper = 5.2 * 19.7 * 8766

OChnaist.tabor = 0.40 * 0.048 (TPC - TCCacid)
OComainmau = 0.60 * 0.048 (TPC - TCCasid)

OCutmin = 0.30(0Cqper + OCrmaint-labor)

FOC = OCoper + OCmaint-tabor + OCmaint-matt + OCadmin
OCsorb = 2.5 * 8,766 CF Myakeup

OCy = 0.378 * 8,766 CF UCy Mg,

0Coi = 8,766 CF HHV,; UGo mop

OCrise = 0.019DCCou

VOC = OCpyrp + OCpy + OCoi1 + OChisc

The NOXSO process typically produces an energy credit. In the IEC model, energy credits
are account for by increasing the output of the power plant while keeping coal consumption the
same. The capital and operating costs, including the additional energy cost, of the increased size
are charged to the basic power plant, while the NOXSO process is given a credit for the energy it
supplies to the power plant. This is equivalent to if the NOXSO process decreases the amount of
coal burned in the boiler. Since the energy credit and the cost of the NOXSO are dependent on
the coal consumption, it becomes an iterative problem.

83



T EcrlOlIl —t__ T
CCBP.incre g* 1000 CBP

TVC O
BP,incre — MWg*1000 TVCBP
| E HR
OCr,,, = 8766 CF UC o

col 3000 HHV_

The total capital and operating cost of the power plant are increased by TCCpp,iner +

TVCgp,incr- The total variable cost of the NOXSO process is the sum of the fixed and variable

operating costs minus the credits for coal and the sale of sulfuric acid. Utility consumption is
charged separately. The result is:

TVC = FOC + VOC - OCrcoal - OCcreditacid
Util = 8766 CF UCuec ECiowal

Table 4-2: Properties of Illinois No. 6 Coal Used for Case Studies {(As-Fired Basis)

Coal Property Run-of-Mine Coal Washed Coal?
Br/lb 10,190 10,330
% Sulfur 4.4 3.1
% Carbon 510 51.1
% Hydrogen 3.7 4.0
% Oxygen 72 84
% Nitrogen 1.1 1.1
% Moisture 123 17.5
$/ton (at mine)P 28.10 32.70
$/ton (transport)P 5.90 5.90

4.5

conventional plant design with wet

Model results for a 30% reduction on Ibs/MBtu basis using conventional coal cleaning (Level 3 plant

design).

19¢5 dollars, assuming a midwestern plant and mine location.

Deterministic Analysis for the NOXSO Process

This section presents a determini:='2 analysis of the NOXSO process and compares it 10 a
-3¢ gas desulfurization (FGD) and selective catalyuc

reduction (SCR) and to the advanced ¢ per oxide process design. The NOXSO process diagram
is shown in Figure 4-1. This case study assumed a new 522 MW power plant burning an Illinois
#6 coal. The properties of this coal are shown in Table 4-2, while key input assumptions for the
NOXSO process are shown in Table 4-3. The financial assumptions and emission standards are

shown in Tabic 4-4. Currcni federal New Source Paifonmance Stanaaras O \norn; ior gv; and



- stringent than the current NSPS and requires an emission reduction of 85 to 90 percent below

current U.S. requirements. This represents current NOy control requirements in Japan, West
Germany and California.

Table 4-3: NOXSO Performance and Economic Assumptions

Parameter Value Parameter + Value
Air Preheater Enlargement no Regenerator Utilization of:
Bed Height (in) 36  Methane (%) 90
Bed Pressure Drop (in water) 22 Steam (%) 30
Bed Temperature (°F) 250 Residence Time of Sorbent in: '
Flue Gas Bed Velocity (ft/s) 2.95 Cooler (min) 18
Gas Burner for Regenerator Gas yes Heater (min) 28
Ka, Rate Constant (atm-1 s-1) 3.7 Regenerator (min) 35
Methane Cost ($/MSCF) 4.50 Sodium Loading (% of weight) 3.8
NOy “destruction” efficiency (%) 65  Sorbent Characteristics: |
Oil Cost ($/MBt) 4.50 Attrition Rate (% of sorbent flow)  0.07
Qil Sulfur Correction Factor 0.6 Cost ($/1b) 2.57
Regenerator Gas Sulfur Composition: Density Qbs/ft3) 30
H»S (% of S regenerated) 30 Sorbent Regeneration Efficiency by: :
S7 (% of S regenerated) 5 Methane (%) 81.4
SO, (% of S regenerated) 65 Steam (%) 90.7

Overall Calc. (%) 98.3

45.1 Cost Resuits

Table 4-5 shows the calculated capital and levelized total revenue requirement for the
assumptions shown in Tables 4-2 to 4-4. The assumptions for the wet FGD and Copper Oxide
process are shown in Reference (26). As shown, the NOXSO process has the lowest capital and
revenue requirements for the unwashed coal. The revenue requirement is 8% and 15% lower than
the conventional and Copper Oxide designs, respectively. For the washed coal, its capital cost is
still 13% less than the Copper Oxide process, while the total revenue requirement is 5% higher.
Table 4-6 shows the cost breakdown for the capital and operating cost for the NOXSO process.
For the unwashed coal, the direct capital cost is divided somewhat equally between the
equipment associated with the sorbent, flue gas and acid plant. Most of the indirect costs,
including starwup costs, working and inventory capital are attributed to the sorbent flow rate.
Approximately 40% of the total variable cost, excluding sulfuric acid sales and coal cnergy
credits, is for sorbent makeup, while oil and gas consumption account for 25% and 153%,
respectively. The fixed operating costs (12%), acid plant variable cost (4%) and miscellancous
cost (1%) account for the rest.
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Table 4-4: Financial and Emission Assuimptions for Case Studies

Model Parumeter Nominal Value
Emission Consrai
Nitrogen Oxide ‘ 0.08 Ibs/MBtu
Sulfur Dioxide 90% Removal
Particulates 0.03 Ibs/MBtu
Power Plant Parameters
Gross Capacity - 522 MW
Gross Heat Rate 9500 Btu/kWh
Capacity Factor 65%
Excess Air (boiler / total) 20% / 39%
Ash to Flue Gas 80%
Sulfur to Flue Ga: 97.5%
Preheater Inlet Te:perature 700 °F
Preheater Outlet T-mperature 300 °F
Financial Parameter
Inflation Rate 0%
Debt Fraction / Real Return 50% / 4.6%
Common Stock Frac:ion / Real Retum 35%/8.7%
Prererred Stock Fracaon / Real Return 15% /5.2%
Federal Tax Rate 36.7%
State Tax Rate 2.0%
Ad Valorem Rate 2.0%
Investment Tax Cred:- 0%
Book Life 30 years
Real Escalation Rates 0%
Real Discount Rate (czic) 6.13%
Fixed Charge Factor (calc) 10.34%
Levelization Factors 1.000




Table 4.5; Summary of Total Pollution Control Costs
‘ - | (4.4%$ Illinois N¢. 6 Coal)
All Costs in Constant 1985 Dollars

No Coal Cleaning Washed Coal?
Process Capital Level Rev Req Capital Level Rev Reg
Conﬁgurgtion ($/net kW)  (mills/kWh) (S/net kW)  (mills/kWh)
Coal Cleaning - - (6)b 1.9
SCR System 69 3.7 70 3.7
Cold-Side ESP 43 0.9 40 0.8
Wet FGD System 197 9.0 192 8.3
Solid Waste Disposal 56 2.0 43 1.6
Total 365 15.6 339 16.3
Copper Oxide Design
o Coal Cleaning - . (3)b 1.9
Copper Oxide Process 244 14.4 ' 180 8.5
Fabric Filter 62 1.4 62 1.4
Solid Waste Disposal 25 1.1 T 21 1.0
Total 332 16.9 260 12.8
NOXSO Design
Coal Cleaning - . (4 1.9
NOXSO Process 178 119 149 9.2
Fabric Filter 60 1.4 59 1.4
Solid Waste Disposal 25 1.1 21 0.9
Total 263 14.4 225 13.4

&8 30% sulfur reduction on Ibs/MBtu basis.
b These costs (or credits) result from changes in the base plant cost.
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Table 4-6: Breakdown of Costs for NOXSO Process

Cnmponent ‘ Capital Cost (85 M$)
Feed Equipment 1.8
Flue Gas Equipment 15.6
Sorbent Equipment 154
General Support Equipment 02
Acid Plant 18.0
Total Direct Capital 51.0
General Facilites 33
Engineering Fees 4.1
Project Contingency 7.0
Process Contingency 44
Total Plant Cost 69.9
Total Plant Investment 76.5
Royalties 02
Startup Costs 43
Working Capital 7.1
Initial Catalyst Cost L
Total Capital Cost 952
Component Operating and Maintenance Cost (85 MS$/yr)
Fixed Operating 4.0
Methane 6.0
Qil 8.6
Maskeup Sorbent 13.6
Miscellaneous 0.6
Acid Plant O&M 15
Sulfuric Acid Sales ' -8.3
Coal Credit o

Total Variable Cost - 234
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Table 4-7: NOXSO Performance Parameters

Parameter Unwashed Coal Washed Coal

+

Concentration of Pollutants entering Absorber (ppm)

NOx 806 811
SO, 3300 2350
Energy Consumption (-) or Production (+)

Acid Plant

Electricity (MW) -2.0 -1.4
Steam (106 Bru/hr) +84.4 +59.0
NOXSO Process

Electricity (MW) -12.1 -10
Methane Consumption (106 Bru/hr) -234 -164
Oil Consumption (109 Bru/hr) -334 -230
Recycled Gas to Boiler (106 Bru/hr) +172 +132
Steam (106 Btu/hr) -7.9 -5.5
Total Electricity Consumption (MW) -14.2 -114
Coal Credit (tons/hr)a . 129 9.3
Flue Gas Flow Rate (106 acfm) 1.78 1.74
Makeup Sorberit Flow Rate (1bs/hr) 929 641
Molar Stoichiometry (Na/S removed) 3.31 ' 3.27
Net Capacity (MW) 533 529 \
Number of Operating Trains 4 4
Required Removal Efficiency of Absorber

NOy 92.8 92.7
SOy 91.1 87.0
Actual (larger value of SO2 and NOy)P 92.8 92.7
Sorbent Flow Rate (106 1bs/hr) 1.33 0.92

142 This value is the sum of the steam requirements of the NOXSO process and acid plant divided by the boiler
efficiency (88%), plus the energy seat o the boiler in the recycled gas. This net energy requircment is
divided by the higher heating value of the coal and converied 10 tons/hr.

145 The SO, and NOy removal efficiency are assumed to be equal, o the larger of these two values is used to
determine the molar stoichiometry. '

Sulfuric acid sales reduce the total variable cost by 24%, while the coal energy credit reduces
the cost by 7%. For the washed coal the same general trends appear. On the other hand. the
capital cost associated with the flue gas remains constant, while the direct capital costs associated
with the sorbent and acid plant decrease by approximately 20%. The variable operating cost and

. - on anew  Sann -~ o




washed coal, the capital cost is 30 $/kW and the sulfuric acid sales are 5.8 M$/yr. The net result
is a savings of 1.1 mills/kWh or 28 $/ion.

45.2 NOx Removal Efficiency

Originally, NOXSO believed that the NOyx removal efficiency was a function of the SO,
concentration and the bed temperature (20). In Reference (1), it was estimated that at a bed
temperature of 248'F the NOx and SO removal efficiencies would be equal. However, in the
process developmental unit test at the Pittsburgh Energy Technology Center (PETC), the
experimental data did not show any clear correlation between NOx removal efficiency and bed
temperature (27). However, there was clear evidence that the NOy removal efficiency was
depended on the regeneration gas. Methane was found to improve the NOy removal efficiency
compared to hydrogen. Four experimental tests were conducted using methane at a bed
temperature of approximately 245°F. The $O2 and NOy concentrations were held at
approximately 2300 and 630 ppm, respectively. Three test were conducted at an 18 inch bed
height, the other was at 42 inches. For three of the tests with removal efficiencies were greater
than 84%, the SO, and NO; removal efficiencies were within 2. For the other test, the removal
efficiencies were much lower (SO2 equalled 69%, while NOx equalled 78%). For the reasor
shown above the SO2 and NOyx removal efficiencies are assumed to be equalled.

In Reference (27), NOXSO also showed that the NOx removal efficiency was correlated to
the ratio of SO2 to NOy by a factor of 0.80. However, all the data came from experiments which
used hydrogen as a regeneration gas and it is not clear if the same trend would hold if methane is
used as a regeneration gas. NOXSO also showed a significant transient effect of increasing the
ratio of SOz to NOx from 3.1 to 4.1. The steady-state effect was small, approximately 3.5
removal points. Since this is a steady-state model, the transient change is not useful. Yet, it could
be very useful to a power plant operator. These test were also conducted using hydrogen, so the
steady-state effect may.not be applicable using methane—especially if removal efficiencies of
90% or greater are required.

453 Effects of Stoichiometry

Table 4-7 gives & breakdown of the important perfor...~ce parameters for the washed and
unwashed coals. For both cases the required NOy removal efficiency, (92.8%) is higher than the
SO efficiency, (91.1%). This is caused by the inefficient destruction of NO;x which is recycled
to the boiler. Since the NOx and SOz efficiencies are assumed to be equal, the molar
stoichiometry is determined by the NOy removal cfficiency. As shown, the sorbent flow rate
decreases by 30% for the washed coal. However, if the molar stoichiometry was driven by the
SO7 removal efficiency, its value for the unwashed and washed coals would be 2.8 and 2.2
respectively, instead of 3.3. These stoichiomerries would produce sorbent flow rates of 1.1 x 106
1bs/hr and 0.57 x 106 1bs/hr, respectively. The NOXSO process capital cost would decrease from
178 to 166 $/kW for the unwashed coal and from 149 to 129 $/&W for the washed and the total
NOXSO process revenue requirement would fall to 10.4 mills/’kWh and 6.8 mills/kWh,
respectively. Thus, if the NOx “destruction” efficiency was improved substantially or the NO;
emission constraint was relaxed, the cost of the NOXSO process would decrease more
substantially with coal cleaning.



Figure 4-4 shows the SO, removal efficiency versus molar stoichiometry for three different
bed heights with the flue gas velocity and rate constant, Ka, held constant at 2.95 ft/s and 3.7
respectively. The molar stoichiometry is the moles of sodium required to remove one mole of
SO2. This value is equal to the inverse of the average conversion factor of sodium, X, times the
effective molar ratio of sodium to sulfur removed. According to NOXSO (23, 28), the effective
molar ratio of sodium to sulfur removed is one. Therefore, the equation shown below is the
molar stoichiometry of sodium to sulfur removed.
= 1

Ind-nV
KH

where H =Bed height (inches)
Ka = Reaction rate constant (am-1 s°1)
msr = molar stoichiometry (Na to S removed)
V = Flue gas velocity (inches sy
n = SOz removal efficiency (fraction)

mst

1

Figure 4-4: Sulfur Removal Efficiency versus Molar Stoichiometry
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For a fixed value of Kg, increasing the bed height or decreases the flue gas velocity will
decrease the molar stoichiometric ratio. While this equation is very useful for understanding and
predicting the performance of the absorber, it is only an approximation. A limitation of this
equation is that the molar stoichiometry goes to infinity if the following conditions occur.
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For Ka = 3.7 atm"lsep‘l. H=36in and V = 2,95 {i/s, the molar stoichiometry goes to infinity
atn = 97.7%. At 18 and 42 inches and the same values of Ka and V, the asymptotic values are
84.8% and 98.8%, respectively. It is important to known this asymptotic value since the molar
stoichiometry increase rapidly as this value is approached. For the 36 inch bed height, the molar
stoichiometry increases rapidly for values above 90% removal, since it is approaching its
asympiotic value. For the unwashed coal, the molar stoichiometry is 3.31. If the bed height was
increased to 42 inches, the molar stoichiometry would decrease by 25%. It was not possible to
determine if this would be economical since pressure drop data does not exist for the 42 inch bed
height.

454 Process Energy Requirements

The NOXSO process consumes and produces large quantities of energy as shown in Table 4-
7. About half the energy from the fuel oil consumption is recovered by recycling the hzater gas to
the boiler. Also, 35% of the energy from the methane and steam consumed in the regenerator is
converted to steam in the acid plant. Approximately 50% of the electricity consumption for the
NOXSO process is used to overcome the pressure drop across the absorber. The sorbent cooler
compressor and the pneumatic conveying blowers consume about 35% and 13%, respectively.
The acid plant consumes some additional eleciricity (2MW), while producing steam which can
be used to regencrate the sorbent in the steam treatment vessel or s2nt to the steam cycle to
produce electricity.

4.6  Sensitivity Analysis for the NOXSO Process

Beginning with the ‘results shown above, & sensitivity analysis was performed to determine
the effects of important parameters affecting the NOXSO process. The process parameters which
were varied are the molar stoichiometry, sorbent attrition rate, regenerator efficiency, NOx
“destruction” efficiency, sorbent cost, methane cost, oil cost and sulfuric acid cost. System
effects of coal cleaning, air preheater size and the use of a gas burner for the acid plant inlet gas
also were examined. Since pressure drop data are not available for different bed height and flue
gas velocities, these parameters were held constant.

4.6.1 Combustion of Acid Plant Gases

The default assumption for the NOXSO process is to use a gas burner for the regenerator,
since it appeared in the EPRI report (22). However, it was not clear if it was needed since it was
never mentioned in previous reports by NOXSO. Using a gas burner for the regenerator gas is
useful if there are sufficient combustible gases in the gas stream entering the acid plant. This is
because:

« the energy in the combustible gases is released before the boiler and superheater so it can

be captured and turned into steam



o any hydrogen or gases containing hydrogen are oxidized to water before the dryers so
there is less moisture in the converter
» the gas flow rate entering the converter is lower, so the capital and power costs are lower
for the converter and any downstream equipment
The disadvantages are additional capital and power costs for the gas burner equipment and a
larger gas flow through the boiler, superheater and gas humidification and cooling tower. This
often increases the cost of these components, so the overall economics depends on the
composition of the gas. Table 4-8 summaries the important performance and cost changes of a
gas bumner. If a gas burner is not used, the acid plant capital cost doubles and the acid plant uses
more than three times more electricity while producing no steam. The total revenue requirement
for the NOXSO process increases by 1.8 mills/kWh and the net capacity of the power plant
decreases 15 MW, Thus, the advantages of using a gas burner for the gas entering the acid plant
are substantial. If the washed coal is used, the magnitude of the effects is smaller, but it is still
advantages to use a gas bumner. Another feature of a gas bumner is that the it minimizes the effects
of varying gas composition on the acid plant.

Table 4-8: Effects of Gas Burner for Sulfuric Acid Plant with the Unwashed Coal

Parameter With Gas Bumer No Gas Burmner
Acid Plant

Capital Cost ($/kW) 37 72
Total Variable Cost (M$/yt) 1.52 . 1.63
Utility Cost (M$/yr) 0.43 1.43
Levelized Rev. Requirement (mills/kWh) -1.72 -0.46
Acid Profit ($/ion of acid) 31 8
Electricity Consumption (kW) 2030 ’ 6770
Steam Production (kW) 0 - 10,020
Total Process

Capital Cost ($/kW) 263 305
Levelized Rev. Requirement (mills/kWh) 14.4 16.1
Net Capacity (MW) 533 519

4.6.2 Air Preheater Effects ‘

The NOXSO process recycles NOx to the boiler via the gas stream used to heat the sorbent.
This stream contains about 18% oxygen, which reduces by 37% the required combustion air
entering the air preheater. Since the combustion air stream entesing the air preheater is smaller,
the air preheater cannot transfer as much heat, resulting in an exit temperature of the flue gas
higher than the nominal value of 300°F. This results in an energy penalty for the NOXSO
process. Building a larger air preheater would reduce the energy penalty. Yet, it is not possible to
climinate the energy penalty since the combustion air stream is much smaller. Table 4-9
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the energy credit by 19 MBww/hr or 1 ton/hr of coal. The:larger air preheater costs 8.4 $/kW,
while increasing the coal credit by 0.2 M$/yr. The effect on the total process including the cost of
the fabric filter is to increase the total revenue requirement by 0.3 mills/kWh. For the washed
coal the energy credit incr=ases by 54 MBtu/hr or 2.5 tons/hr of coal. The capital cost increases
to 12 $/kW, while the total revenue requirement still increases by 0.3 mills’kWh. This value is
within the error of the model, so it is uncertain whether a larger air preheater is economical.

Table 4-9: Effects of the Air Preheater for the Unwashed Coal

Parameter w/o NOXSO Original Size Larger Size
g
Flue Gas Flow Rate (acfm)
Inlet Temperature (°F) 700 700 700
Exit Temperature (°F) | 300 382 370
Combustion Air (103 acfm) 1041 655 655
Inlet Temperature (°F) 80 80 80
Exit Temperature (°F) 515 634 660
Energy Flow Flow Rate (106Btu/hr
Across Air Preheater : 497 400 T 419
From Recycled Air 0 269 269
Total to Boiler 497 669 688
Coal Energy Credit (tons/hr) 0 8.4 9.4
NOXSO Process )
Additional Capital Cost ($AW) - 0 8.4
Coal Credit (M$/yr) - 1.63 1.82
Total Process
Capital Cost ($/kW) . - 263 271
Levelized Rev. Requ. (mills/kWh - 144 14.5
Nei Capacity (MW) - 533 535

3  This is the difference between the total energy flow to the boiler minus the energy flow t0 the boiler
wimouuchOXSOprmdivkledbymehighubwingvalmofﬂncmlmﬂmvemdwtmw

Air preheaters of different sizes also were examined. This resulted in the same conclusion:
the cost change was within the error of the model. Other options for capturing meore energy from
the flue gas, such as a second economizer after the air preheater, were not explored. However, if
the flue gas temperature could be reduced to 300°F, an additional coal credit of 6.6 tons/hr could
be achieved. This would save an additional 1.3 MS/yr.

463 Other Process Parameters
The next sensitivity test wus to multiply the nonsinal values (shown in Table 4-3) of the

molar stoichiometry, atirition rate, sorbent cost, methar: -ost, oil cost and acid price by 0.5.
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Apparently the most important parameter is the molar stoichiometry, since the both the
capital and total revenue requiremnent change drastically with minor changes in the stoichiomerry.
The capital cost and revenue requirement increase by 13% and 32%, respectively, for a 50%
increase in the molar stoichiometry. There are several reasons for this:

The sorbent flow rate is directly proportional to the molar stoichiometry. Higher sorbent
flow increases the electricity used for sorbent transportation and the size of the
equipment, except the absorber and acid plant.

The gas quantity returned to the boiler is also proportional to the sorbent flow rate. This
stream increases the flue gas flow rate entering the absorber and the fabric filter. The
capital cost for the absorber increases slightly. Doubling the molar stoichiometry
increases the capital cost of the fabric filter by 7%.

Most of the indirect costs, working capital, startup costs and inventory capital are
proportional to either the total process capital, which is proportional to the sorbent flow
rate or to the sorbent flow rate directly.

Most of the variable costs are proportional to the sorbent flow rate either directly or
indirectly. The only exceptions are the variable cost for methane and sulfuric acid sales.
The oil cost increases since the heat required for the sorbent heater is proportional to the
sorbent flow rate. Most of the fixed operating cost are related to the total process capital.

The next most important parameters are the sorbent cost and the attrition rate. These two are
closely related, since they effect the makeup sorbent cost, working capital and startup cost in the
sarne manner. The only difference is that the sorbent cost affects the inventory capital while the
attrition rate does not. This difference is shown most distinctly in Figure 4-5.

Figure 4.5: Capital Cost Sensitivity Analysis for Unwashed Coal
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Figure 4-6: Total Revenue Requirement Sensitivity Analysis
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Of the remaining parameters, the price of methane, fuel oil and sulfuric acid, the total ’

revenue requirement is most sensitive to the price of oil and least sensitive to the price of
methane. A 50% incr=ase in the price of oil increases the total revenue requirement by 10%,
while the same increase in methane cost, results in a 7% increase. These two parameters also
affect the capital cost since they affect the startup and working capital. The price of sulfuric acid
has no effect on the capital cost, while having a significant effect on the total revenue
requirement. A 50% increase in the price of sulfuric acid decreases the total revenue requirement
by 8.5%.

4.6.4 NOy Reduction Efficiency

Figure 4-7 shows the capital and revenue requirements for different values of the NOy being
destroyed in the boiler. The NOy, “destruction” efficiency determines the NOx removal efficiency
required in the adsorber to meet the emission standard. As this value decreases the removal
efficiency increases since there is 8 more NOjy entering the adsorber. Between destruction
efficiencies of 50% and 80%, the NOx removal efficiency in the adsorber is higher than the
required SO, removal efficiency, so any change in this parameter changes the molar
stoichiometry, which has a significant effect on the overall cost. Above a NOx “destruction”
efficier  of 80% the SO removal efficiency is greater, so the molar stoichiometry is not
affectec  “or the washed coal, the NOy removal efficiency is always greater so the cost always
decreasc. with improvernents in the destruction efficiency. 0
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4.6.5 Sorbent Regenerator Efficiency

Figure 4-8 shows the capital and revenue requirements versus the overall regeneration
efficiency. The overall regeneration efficiency is a function of the efficiencies of both the
regenerator and the steam treatment vessel:

Nr&s =NR + (1 - NrRNsTV

where
NR the efficiency of removing sulfur from the sorbent with methane in the
nsSTV the efficiency of removing sulfur from the sorbent with steam in the steam

treatment vessel

TIR&S the overall regeneration efficiency of both vessels

To analy>.. the sensitivity of the NOXSO process to the overall regeneration efficiency, nr
and NsTv were given the following values: 55%, 60%, 70%, 80%, 90%, 95%. This produced the
overall efficiencies of 79.75%, 84%, 91%, 96%, 99% and 99.75% shown plotted in Figure 4-8.
The nominal value is 98.27%, which was estimated from an EPRI report (22). The utilization of
methane and steam was assumed to remain constant at their nominal values of 90% and 30%,
respectively. The efficiency of the regenerator using methane was not set to 50%, because this
would have created a gas composition which the acid plant was not designed to handle.14 As
shown, the capital and revenue requirement cannot be improved significantly, since the nominal
value for the regeneration efficiency is high. However, if the regeneration efficiency drops to
91%, then the capital and revenue requirement increase by 2.7% and 6.7%, respectively.

4.7 Conclusion

From this analysis it is obvious that the most significant parameter affecting the design and
cost of the NOXSO process is the sorbent flow rate needed to achieve a given removal
efficiency. Therefore, the relationship between NOx and SO removal efficiencies, the molar
stoichiometry and regeneration process should be studied further, since they affect the sorbent
flow rate directly and have a high degree of uncertainty. Data on NOy removal and destruction in
the boiler is the most critical, since it is the most uncertain of any of the parameters. More
experimental data is needed to confirm the analytical model for SO2 removal efficiency.
However, the results of the performance model are consistent with previous studies.

Experiments using a continuous regenerator should be performed since only batch test have
been performed. These experiments should be designed to develop a performance curve relating
methane and stearn consumption to regeneration efficiency and predict the regenerated gas
composition. If a performance curve existed, the IEC model could be used to optimize the
NOXSO process, since the tradeoffs between the sorbent flow rate, oil consumption, methane
consumption and acid plant are modeled explicitly.

The analysis of the air preheater showed that an additional that an energy credit worth 1.3
MS/yr can be achieved if the temperature in the flue gas is reduced to 300°F. Other options for

M The inle: sulfur dioxide concentration was 100 low for this design, so the capital and operating cost would not be
valid.
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capturing this energy should be explored. A second economizer after the air preheater may be

economical.

Figure 4-7: Effect of NOx Destruction Efficiency in Boiler
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Figure 4-8: Effect of Oversll Regenerator Efficiency
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5 ELECTRON BEAM PROCESS MODEL

5.1 Nomenclature

English Symbols
Byp Bypass (fraction)
G Concentration of j in flue gas (ppm)
D Electron beam dosage (Mrads)
ES Emission standard (Ib/million Btu into fumnace)
Hhv Higher heating value of fuel (Btu/1b
thy, Mc;lgrr flow rate of componem(‘ii at pt)aim # (Ib'mole/hr)
My.j Mass flow rate of component j at point # (tons/hr)
Rpurity Purity of reagent (fraction)
Ty Temperature at point # ('R)
Greek Symbols
AT Temperature difference (°F)
" Efficiency (fraction)
(o} Molar stoichiometry (fraction)
Subcategories for Combustion Air and Flue Gas Components
CO Carbon monoxide
COy Carbon dioxide
H20 M:oisture
N2 Nitrogen
NO Nitrogen oxide
NOy Nitrogen dioxide
07 Oxygen
SO Sulfur dioxide
SO3 Sulfur trioxide
Subcategories for Solid Stream Components
Ash Ash
Ca0 Lime
CaCO3 Limestone ‘
CaS03°5H20 Hydrated calcium sulfite
CaSO4 Calcium Sulfate
CaS04+2H20 Hydrated calcium sulfate
H2O Water or Moisture
Misc Miscellaneous
\"eneral Subcategories
¢b Electron beam chamber
exit Exiting device
fzapho Exiting air preheater on flue gas side
fuel Fuel steam
in Entering device
NOy Nitrogen oxide
sat Saturation
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sd spray dryer
SO, Sulfur dioxide
std Based on emission standard

52 Introduction

This section describes several improvements to the electron beam (E-beam) process model,
developed previously (1). The areas which were updated are the electron beam dose, flue gas
composition and solids composition exiting the electron beam chamber. A schematic diagram of
the electron beam process is shown in Figure 5-1. In the configuration, a spray dryer is employed
upstream of the electron beam chamber to remove SO2, to add moisture and lime to the flue gas
and to lower the flue gas temperature.!> A fabric filter is downstream to collect the flyash and
solids which form in the electron beam chamber. The electron beam process model uses a
modified spray dryer mode!. The modifications to the spray dryer model are described in Section
5.3, while the original spray dryer model is described in Section 2.6.

Figure §-1: Schematic Diagram of Electron Beam Process

Solids and Flue Solids and Flue Gas  Solids and Flue  Solids and Flue
Gas exiting Air entering, "sd.in", and  Gas entering Gas entering
Preheater exiting, "sd,in" the  electron beam  Eabyric Filter
fgapho . Spray Dryer "eb,in" "ff,in"
/ Bypass ,
Spray
Dryer
Reagent
_ \ Solids and
Flue Gas
Process Wates entering Stack
"stack”
Waste Solids

53  Spray Dryer Model Modifications

Because the spray dryer used with the electron beam process does not have a reheater,
equations (2.24), (2.25) and (2.27) through (2.31) are not used. For the electron beam process,

15 This is the configuration initially of interest to DOE/PETC. More recently, an E-beam process using ammonia
injection without a spray dryer was iested at the pilot plant level, While the IECM can be modificd 1o simulate
the lanter configurstion, the current model code resains the ariginal design developed by Research-Coltrell.
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the flue gas exiting the spray dryer enters the electron beam process instead of a fabric filter. The
result of modifying equations (2.22) and (2.23) are shown below:

b, in,j = Mad,exit,j + BYP Migapho,j ‘

Teb,in = Byp Tegapho + (1 - Byp) Tsd exit
In the original spray dryer model, the reagent and molar stoichiometry was determined using
Equations (2.18) and (2.19). For the electron beam model, they are determined with the equations
below. The molar stoichiometry of the E-beam, Gep, is an input parameter and is the molar ratio
of lime to sulfur dioxide plus one-half the NOx entering the spaay dryer.

M. =508 (thsain,50, + tydin, S0+ 0.5Msd in N0 + 0. 5thsd in,NO,) T
reag 2000 Rywiey

56.08 (riagd,in, SO, + Med,in, S0,

Osd

In the spmy dryer mndel, the amount of bypass and SO2 removal was determined using
Equations (2.16) and (2..65). For the electron beam model, the amount. of bypass is an input
parameter and the SO3 removal is determined by solving Equation (2.18) for nsoy.

_In Gy - 0.025AT,y + 2.9 0

Ns0, 3.322

54  Electron B',eam Dose
The sulfur dioxide and NOx removal efficiencies required for the ebeam process to meet their
respective emission standards are determined by

2000 ESso, Miua Hhvgug
-1- 0; Misa HhViua 5.1)
750,54 = %~ 52706 * 1,000,000 (thied, . 50, + Mebin, 500

. 2000 ESno, Mg HhVgue - (52)
Ms0us1d = 1 - 25T+ 7,000, 000 (e, 1n.NO + Mieo, 0

4

Helfritch and Feldman determined an algorithm for predicting the outlet concentration of
SO, and NOy versus the dose of electron directed into the flue gas (29). Their algorithm is based
on the rates of reactions of the principal chemical reactions and experimental data and is shown

below. 16 0

16 In Reference (29), there is a typographical eror for Equation 5.3. The constans "2.5™ is typed as "0.25."




103

Cso, _ 25D |

Csoun |1+ 0.0058 Csops ' | (5.3)
Cno, _ . [-0.12D(1 +0.058 Csos)

Cro.s “P( T+ 0.0038 Cso,, (5.4)

Typically when the IECM is used, the emission constraints are specified and the pollution
control equipment has to meet these constraints. Therefore, Equations (5.3) and (5.4) are solved
for the electron beam dose and the ratios of the outlet to inlet concentrations &re replaced by one
minus the removal efficiencies specified in Equations (5.1) and (5.2).

Dso, = (1 +0.0058 Cso,,) * In(1 - Ns0us1d) (5.5)
2.5
1 +0.0058 Cso,,) * In(1 - N0, s1d)
Dro, =t |
N 0,12 (1 + 0.038 Cso,,) (5.6)
where

_ 1,000,000 (e, in. 50, + theb,in.50,)

Csou
i Meb,in,
j=1

Since the electron beam process has to meet both the NOx and SO2 emission constraints, the
larger dose determined by Equations (5.5) and (5.6) is used and the actual NOy and SO; removal
efficiencies are determined by the equations below. Thus,

if Dso, 2 DNOy then D = Dg; ¢lse D = Dnoyg

=1. -2.5D '
M50, = 1 - €XPI 1750058 cso,,i,.)

_ -0.12 D(1 + 0.058 Cs0,,in)
Mo, =1 ”4 1+ 0.0058 Cs0..in

5.8  Flue Gas Composition

The composition of the flue gas changes in the electron beam chamber. The two most
significant changes are the reduction in the sulfur dioxide content and nitrogen oxide content.
The sulfur dioxide and nitrogen oxide are removed from the flue gas by a complex set of
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" chemical reactions (29). These chemical reactions have been greatly Simpliﬁed in the JECM and

are shown below.
SOy + CaO + 2H30 + 0.509 --> CaSO4+2H20 (5.7
SO3 + CaO + 2H30 --> CaS04:2H320
2NO + Ca0 + H20 + 0.507 --> Ca(NO2)2°H20
2NO + Ca0 + 1.507 --> Ca(NO3)2
2NO2 + Ca0 + Hz0 ~-> Ca(NO2)2°H20 + 0.502
2NO7 + Ca0 + 0.507 —> Ca(NO3)2
Using these chemical reactions the composition of the flue gas exiting the electron beam
chamber can be determined from a molar balance as shown below. The symbol, Ox, represents
the fraction of calcium nitrite oxidized to calcium nitraze.

Meb,exit,j = thep,in,j for j =Nz, COz, CO
Meb,exit,Cy = Neb,in,0; - (0.5 hep,in,50, Nso, +
[(0.5 Ox+ 0.25 ) e in,NO + (0.5 Ox - 0.25) thy, in NOJ TINO.
| Meb, exit, 10 = Hieb,in,H;0 - (2 [eb, in, 0, + Meb, in, S0y] M50, +
(1 - Ox)[th,in,NO + Meb,in,NOJ TINO,}

Meb, exit, S0, = Mieb,in, SO; ~ Meb,in,SO; TS0,

tt;m.em.so, = ey, in, SOy ~ Meb,in,$0; NSO,

Hleb,exit,NG = Heb,in,NO - Heb,in,NO TINO.

Mep, exit,NO; = Mleb,in,NO; = Meb,in, NO; TING,

56  Waste Composition

A major environmental flow stream ernanating from the electron beam systemn is the stream
of dry waste solids. The basic chemistry for the creation of these solids is shown in Equation
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(5.7). The difference in the composition and mass flow rates of electron beam waste depends on
the extent of oxidation of calcium nitrite to caicium nitrate, Ox. Other constituents of the electron
beam solids stream include unreacted reagent (which depends on the molar stoichiometry), inert
materials introduced with the reagent (as dictated by the level of reagent purity) and the solid
waste from the spray dryer system. The total mass flow rate of the solids exiting the electron
beam is shown below.

Mq,..xi;,j = Meb.in.j for j = Ash, CaCO;3, CaS0,, CaS03+0.5H,0
Maeb, exit.Cs0 = Maeb,in,Cs0 - %%‘8'08' ({teb,in.50; + Meb,in,504) 50, +
0.5 [then, in,NO * Meb,in,NOJ TING,}

' - 172.17 (fhb.in. 500 * M in,§
Mﬁ‘c.s()‘ozﬂzo = Mé'in‘c‘so‘.znp + (mﬁ 1n, 82% in, 01)“80;

: . 150.1 (1-Ox) + 164.09 O] 0.5 (thep, in,NO + Meb.in.NO) TING,
M, exit Misc = M«b.ixx.Misc+[ ( ' ]200(§ in. N in.NOY)

5.7 Economics Algorithm

The economic algorithm for the electron beam process has remained unchanged except one
item. The single indirect charge factor for capital cost has been split into different categories of
indirect charges following the nomenclature of the TVA (see baseline plant section).
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6 SULFURIC ACID PLANT MODEL

6.1 Nomenclature
English Letter Symbols :
Ak area of device, k (2)
Ccategorie capital charges associated with startup ($)
Cidx chemical engineering cost index
Co molar gas concentration of SO3 in the flue gas entering the adsorber (Ibemole/ft3)
CF capacity factor of power plant (fraction)
DCCk capital cost for device, k (M$)
e notation for specifying power of 10.
Ejx energy flow rate of specie, j, at device, k (Ib-mole/hr)
ECk electricity consumption of the device, k (kW)
fmakeup attrition rate of sorbent (fraction)
fj,wet air amount of specie, j, in ambient moist air (fraction)
fPjk quantity of specie, j, produced in device, k (fraction)
Foil constiant used to estimate amount of sulfur from oil (fraction)
FOC fixed operating cost ($/yr) |
E“ gas flow rate for device, k (t3/min)
jtemperature molar enthalpy of specie, j, at specified temperature (By/1b-mole)
H fluidized bed height in adsorber (ft)
HHV; higher heating value of specie, j, (Btw/lb)
HR heat rate of power plant (kW-Hr/MB)
i inflation raie (fraction)
Ka apparent rate constant (atm-! gec-1)
LMTDg log mean temperamre difference of device, k (°F)
m, mass flow of specie, j, (Ibs/hr or tons/hr)
Mik molar flow rate of specie. j, for device, k (Ibemole/r)
MWy gross electrical capacity of power plant (MW)
Nt initial loading of the active Na on sorbent (Ibsmole/ib)
NOP number of operating adsorbers
NRD number of spare adsorbers
OCcatagorie annual operating cost ($/yr)
Qk heat load across heat exchanger device, k (Btu/hr)
p interest rate (fraction)
Px pressure of the device, k (" water or atm)
RTx residence time of sorbent in device, k (hours)
Tsik temperature of specie, j, for the device, k ('F)
TCC total capital cost ($)
TPC total plant cost ($)
TPI total plant investment ($)
TDC total direct cost ($)
TVC total operating and maintenance cost, sum of FOC and VOC ($/yr)
U universal heat transfer coefficient for device, k (Buhr-fi2 °F)
uG unit cost of specie, j, ($unit) ‘
Uy utilization constant for specie, j, in regenerator (fraction)
\Y superficial velocity .-© flue gas through adsorber (ft/sec)
voC variable operating cost ($/yr)



WNa weight fraction of sodium to sorbent (fraction)
X mean value of the fractional conversion of the sorbent in the entire adsorber (fraction)
y molar fraction of SO in the flue gas (fraction)

Greek Letter Symbols '
SNOx fraction of NOx returned to boiler which is destroyed (fraction)
AHk heat of reaction in device, k (Btwhr)

Njk efficiency of device, k (fraction)
A molar stoichiometry of SO2 to active sorbent
Psorb bulk density of sorbent (bs/ft3)

Subscripts
1 specifies the first part or half a device, k
guess used to indicate the guess of a value in the interpolating algorithms
i stands for iniet
Jk used in sums to specify equipment or species.

o stands for outlet
std emission standard for either SOx or NOx

Species:
acid sulfuric acid
air air
ash ash
¢ combustion air for gas bumer not including air needed to maintain maximum

temperature
CD carbon dioxide
CM carbon monoxide
CS carbon oxide sulfide, COS
ex excess air for the gas burner needed to maintain temperature
H hydrogen, H2 ~
HS _hydrogen sulfide, H2S
M methane, CHy
makeup makeup sorbent
N nitrogen, N2
NO nitrogen oxide, NO
ND nitrogen dioxide, NO2
0 oxygen, 02
st stcam
sorb sorbent
S sulfur, S2
SC sulfur compounds, includes COS, H2S, Sz, SO2 and SO3
SD sulfur dioxide, SO2
SOX sulfur dioxide and sulfur trioxide
ST sulfur trioxide, SO3
w water, H20

Equipment:
aph air preheater
AD adsorber
AH air heater for sorbent heater
AP acid plant
b boiler in acid plant

107
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boiler of power plant
BF dilution air blower and filter
cs catalytic converter contact section
D drying ower
ES effluent strippers
GB gas burner
GC gas humidification and cooling tower
HP heat recovery preheater
IC inlet compressor
MC main compressor
PA product acid
R regenerator
R&S regenerator and steam treatment vessel
$ superheater
SC sorbent cooler
SH sorbent heater
SS strong acid handling system
STV steam treatment vessel
T interpass and final towers and associated equipment
WA weak acid system
Categories for capital and operating cost:
acid acid plant
admin support and administration labor
credit income from sale of sulfuric acid
eng engineering and home office fees
gf general facilities
inv inventory capital
maint-labor  maintenance labor
maint-rmatl maintenance material
makeup makeup catalyst due to atrition loss
~arketing marketing and shipping charges for selling sulfuric acid
T18C royalty and land charges
per operating labor
proc process contingency
proj project contingency
startup startup charges for one month
work working capital

6.2 Introduction

This chap:=r describes a sulfuric acid plant model developed by Frey (30). This model has
been incorpcrated into the IECM to more carefully analyze the economics of processes
producing & sulfuric acid byproduct. The original IECM models of the NOXSO and copper oxide
processes treated the arid plant as a simple system, based on earlier studies for DOE/PETC. The
new acid plant performance and cconomic models were developed based on an interpass
absorption (2/1) contact acid plant design by Monsanto for SMC (31, 32). Subsequent
information from Monsanto (33, 34) and other studies (22) also were used for this model.
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Figure 6-1: Schematic Diagram of Sulfuric ‘Acid Plant
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The Monsanto design has a conversion efficiency of 99.5% and is based on a regencrator off-
gas composition specified by SMC, which consisted of CHa, CO2, H20 and S0;. The current
design, shown in Figure 6-1, was m ified to fit off-gases with different compositions,
temperatures and pressures. Presently it can handle these additional gases: CO, COS, Hy, H3S,

0 N», 07 and SO2. The only major changes are an additional inlet gas COMmpTESSOr and gas burner.
The inlet gas compressor is only used if the inlet off gas is below 97 of water, while the gas
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burner is used to burn combustible compounds in the inlet gas. Fhe inlet gas compressor and gas
burner are shown in Figure 6-2.

Figure 6-2: Schematic Diagrams of Inlet Compressor and Gas Burnex
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To understand this model, it is important to understand the characteristics of contact acid
plants, overall strategy, assumptions and algorithms used for this model an: how it interacts with
the rest of the IECM. Contact acid plants have high initial capital cost and low operating cost,
excluding utilities. Therefore, it is more important to estimate the capital cost than the operating 0
cost. The most expensive and critical component is the converter.




Another important point is that acid plants can either be net energy producers or consumers
depending on the composition of the inlet gas. So the amount of energy consumed and produced
have to be accurately estimated. Acid plants are very reliable and maintenance requirements are
small.,

Generally an acid plant only has to be shut down once a year for a week, to maintain the
catalyst in the converter. The attrition rate per year is approximately 2% for the entire converter,
if the gas does not contain any dust, arsenic, chlorine and fluorine. Dust clogs the catalyst, while
the other chemicals react with the catalyst and reduce its reactivity. The actual attrition rate per
bed varies. The first stage or bed has the highest rate, the second stage has the second highest and
the last stage has the lowest.

Before proceeding with a detailed description of the acid plant chemical processes, an
overview is given below. It is assumed the reader will refer to Figures 6-1 and 6-2 for
information to understand where the output of one piece of equipment is the input to another.

The principal steps of the process are:

« Oxidizing combustible gases other than SO, if economical

» Gas purification, cooling and drying

» Conversion of SOy to SO3

e Conversion of SOj3 to sulfuric acid

A contact sulfuric acid plant is based on the chemical reaction of SO3 and H20 forming
sulfuric acid. This reaction takes place in the final and interpass towers. The SO3 in the gas reacts
with the water in the 98.5% sulfuric acid that is circulated through these towers. A strong acid is
used to help prevent acid mist from forming.

Acid mist is formed if the SO3 is brought in contact with free water vapor. This acid mist can
cause corrosion problems downstream unless it is removed. Some mist is always created, so mist
eliminators are ysed downstrear of the towers, although these are somewhat expensive and have
a significant pressure drop. To prevent moisture from entering the converter, drying towers are
used upstream. Moisture is also formed from any hydrogen compounds entering the converter,
since they bumn in the first stage.

The SOs is generated in the converter by oxidizing SO in the presence of a catalyst. The
oxidation of SO; is highly temperature dependent, the rate of reaction increases with increasing
temperature. Yet, the conversion efficiency decreases with increasing temperature. Because of
this, a three pass converter design is used to achieve a 99.5% conversion efficiency. The first
stage oxides 70% of the SO operating at a temperature of 1158°F; the second stage converts an
additional 25% at 918°F; the final stage converts all but the last 0.5% of the SO2 at 877°F. The
catalyst has a maximum operating temperature of 1158°F, which is maintained by adding
dilution air upstream of the converter. Since the oxidation of SOz is exothermic, the maximum
concentration of SOz in the gas stream to the converter is approximately 11% if the gas stream
does not contain any combustible gases. Any combustible gases in the inlet gas react with
oxygen in the first stage and cause additional heat to be released in the first stage of the
converter, so additional dilution air is required to ensure that the catalyst does not get too hot.
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‘This significantly increases the capital and operating costs. The amount of dilution air is
determined by an energy balance on the first stage of the converter.

The gas must be cooled for the second and third stages. This is accomplished by five heat
exchanges which either cool or heat the gas after it leaves the first stage. After the second stage,
the gas passes through the interpass tower and mist eliminator which cools the gas and converts
the SO3 into sulfuric acid. The gas has to be heated for the third stage, so it passes through the
heat recovery preheater and two heat exchangers.

The gas stream, 6, into the converter (see Figure 6.1) must be dry and have a maximum SO,
concentration of approximately 11%. The gas is prepared by a series of heat exchangers and
drying towers, upstream of the converter. The inlet gas stream, 1, is cooled from 824°F to 609°F
by the heat recovery preheater, while the gas stream, 25, from the interpass tower is heated from
180°F to 256°F. If the heat recovery preheater cools the inlet gas below S06°F, the boiler or
superheater is not used. This occurs when substantial combustible gases enter the converter. The
combustible gases increase the dilution air requirement, which increases the size of stream 25
relative to stream 1.

A gas burner can be used to burn any combustible gases before it enters the converter and is
usually placed upstream of the heat recovery preheater. It is assumed that the natural gas to fire
these burners is just used to ignite and maintain combustion and does not add any significant
energy to the gas stream. Therefore, the energy and molar balances ignore any effects of the
natural gas. These burners generally have a maximum temperature of 2000°F, so additional air
over stoichiometric may be needed to maintain this temperature, Using a gas burner increases the
temperature and flow rate of the gases into the heat recovery preheater, superheater, boiler and
gas humidification and cooling tower. The overall effect is to increase the cost of the superheater,
boiler. gas humidification and cooling tower, weak acid and effluent stripper components.
However, the dilution air, inlet and exit converter flow rates are lower and additional energy is
recoversd by the superheater and boiler, This reduces the cost for the heat recovery preheater,
dilution blower, drying tower and converter, These trade-offs make it difficult to determine a
priori whether it is more profitable to use the gas burner, so the user must specify its use.

The boiler and superucater are primarily used to generate high quality steam, which can be
used elsewhere in the power plant or to generate electricity. The gas humidification and cooling
tower drops the temperature to 169°F, while reducing the moisture content by 30%. This is done
by circulating a weak acid through the gas. '

Finally the dilution air is added to the inlet gas stream and this combined stream is sent to the
drying tower, which removes the remaining moisture by circulating a 93% acid through the gas.
The dilution air is determined by an energy balance on the first stage of the converter.

63 Performance Model

The sulfuric acid plant model developed is meant to respond to several factors that affect
sulfuric acid plant cost. These include the volume flow rate, moisture content, temperature,
pressure, combustible gases and SO content of the inlet gas stream. To achieve this, mass and
energy balances are performed on key components to determine critical mass and heat loads.
These mass and heat loads are used to estimate the capital cost and operating cost.




To perform energy balances, enthalpy data over a large temperature range (77 - 3000°F) are
needed for the 11 chemicals listed in the Introduction, These data are obtained by integrating the
polynomial correlations for specific heat with respect to temperature obtain from Barin and
Knacke (5) and Barin, Knacke and Kubaschewski (6). These polynomial equations are functions
in this model, as explained earlier in Chapter 2 (Section 2.2). When the temperature of & gas flow
needs to be estimated, an initial estimate is made which is used to interpolate or extrapolate to the
final estimated temperature. This procedure reduces the error to less than 5% and is also a non-
iterative technique. Some assumptions for this model are (1) that the inlet gas is free of aust,
arsenic, chlorine and fluorine, (2) the inlet pressure entering the heat recovery preheater is 95 -
97" inches of water and (3) the temperatures exiting the gas humidification and cooling tower
anc the drying tower are 169°F and 120°F respectively. The temperatures in the converter and
exiting the heat exchangers surrounding it are the same as those estimated in the Monsanto
design for SMC (31). The pressure drops for all the equipment remains the same. The gases are
assumed to be ideal and all energy transfers are assumed to be adiabatic. The atmosphere is
assumed to have a pressure of 14.687 psi, a temperature of 80°F, contain 21% oxygen, 79%
nitrogen on & dry basis and 0.018 Ibs moisture per pound of dry air. Although these values appear
as constants in this report, they are variables in the model.

The first step is to calculate the characteristics of the inlet gas before and after the inlet
compressor. The inlet compressor is used if the pressure exiting the regenerator is less than 95"
of water. The gas flow rates are based on the ideal gas law, while the energy consumed by the
compressor is depended on the pressure difference. If the pressure difference is greater than 50"
of water, a compressor is used with an efficiency of 75% (35). Otherwise, a blower is used with
an efficiency of 85% (36). The main difference between a blower and a compressor is that a
blowers’ pressure drop is low enough to assume incompressible flow. The temperature, inlet and
exit gas flow rate and energy consumed by the inlet eoln:plrcssor are shown below.

1.4
14.687 + 3.612¢%*97
Tico = Tro* 460)| 14.687 + 3.612¢%p, | - 460

. 1545 My (T | + 460)
IGi " 60*144 (14.687 +3.612¢7 Py )

1545 My, _ (T, +460)
G0 = . Ty
60*144(14.687 + 3.612e*97)

if Pr, < 47 then
1.4-1

' 1.4
o | 3 Muo 14 (146874 3.6120%007 (Tyes 460
Cuo=|G7560°44, )\ 1.41) | 16.687+ 361267 | —1[\ *°

else ECic = 1.38¢4Gici(97 - Pro)
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The next step is to determine if the gas burner is used and affects the gas flow rate. The
model assumes that the pressure drop across the gas burner is negligible. The gas bumer is
assumed to be fired by natural gas. It is assumed that only enough natural gas is used to maintain
and ignite the combustible gases in the inlet stream. Therefore, the energy and mass balances
ignore the effects of it. The gas burner has a maximum operating temperature of 2000°F and
completely oxide all the combustible gases. To prevent the gas burner from operating above
2000°F, additional air is added above the stoichiometric requirement to oxides the combustible
gases. To solve for the additional air requirement, the gas burner is assumned to be divided into
two parts, shown in Figure 6-2. The first part burns the gases with 5% excess air. If the total
energy flow rate into the first part of the gas burner is greate~ than the energy flow rate of the
exhaust gases at 2000°F, then additional air is added. If it isn't, then the exit temperature of the
gas bumner is estimated by interpolating between the inlet temperature and 2000°F. The oxygen
needed for combustion is

Moe1 =2MMp,e + 0.5MH.Ro + 0.5McMRo + 1.5McsRo + 1.5MHs ko + 2Ms R0
The additional air needed for 5% excess air is

if 1.05Mgc,1 > MoRr, then
Mo, = 1.05Mo,,1 - MoRr.e
else Mo =0

Mn, = 3.76Mo,

Mw, = 1.611*0.018(Mo + MN,)
Sineewmbusﬁonairhastoberaiwdtoﬂ”ofwata,itswmpmminwmg ges burner is

1.-1

' 1.4
2e
T, = (80 + 460) [“‘687 22810 97) - 460

The next step is to determine the exhaust gases exiting the first part of the gas bumner and the
energy produced. It is assumed that all the methane, hydrogen, carbon monoxide, hydrogen
sulfide, sulfur and COS are oxidized.

M;cB1=0

Msp,gB.1 = MspRo + McsRo + MHs Ro + 2MsRo
Mw,gB.1 = MwRo + Mw, + 2MMRo + MHRo + MHS R0
Mcp,GB.1 = McD R0 + MMRo + MoMR.o + Mes.Ro
MnaB,1 = MNRo + Mw,

if Mo g, > 1.05Mo,,1 then

Mocs,1 = MoRe - Mo




else Moga,1 = 0.05Mo .1
where j = CM,CS,HHS M,S
AHgp = 345,200My + 104,000My + 121,700Mcy + 255,400Ms +

222,900Mys + 236,000Mcs

Now an energy balance is performed on the first part of the gas burner to z=¢ if more air is
needed to cool the gas burner. Two estimates are made for the exit temperature: one is made at
the maximum allowable temperature of 2000°F, the other is made at the inlet temperature. If the
total energy entering the gas bumner is greater the energy flow rate of the exhaust gases at 2000°F,
then additional air is needed to cool the gas. If the temperature is less than 2000°F, then no
additional air is added and the exit temperature is estimated by a linear interpolation between the
inlet temperature and 2000°F. Finally, the total molar and volumetric flow rates of the
combustion air are calculated, with the energy consumed by the gas burner combustion air
COmMPressor.

11

Egpi = ,;ﬁk(rcn Mean;

E, = figMoMg, + By(ToMy, + fiy, (TOMy,
Eghiow = Eng; * Fe* 8Hgy

E

5
S ,==j);ﬁﬁj(zooon»,xLl

5
EGRmin = 25,'“@&»’13.1
)ll

where k = CD,CM,CS,H,HS,M,N,0,5,SD,W and j = CD,N ,0,SD,W
if Eca.mw > F‘Cﬂ.w then

Eqp,tom E maux
Mow 15,180 - Bi(To) + 3.76(14,440 - B (T)) + 1.611*0.018%(17,920 - fig (TN

Tm.°=2000

1185
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else My, = 0
T ) 2000 - TGB.i E T
oBo " T EgR o - Ecpmin) * Tani
MN.cx = 3~7.6M0.ex
Mw ex = 1.611*0.018%4.76Mg ox
Mc 0wl = Mo + MNc + Mw,e + Moex + MNyx + Mwex
1545M ,,,, (80 + 460)

G owt = §14.687%143

EC,

141

1.4

| 154Meow Y 1.4 Y (14.687+3.61262%97 | |80+ 460)
0.75%60°44,240 | 1.4-1 14.687 :

The next step is to determine the composition and temperature of the gas steam entering the
heat recovery preheater. It should be noted that the composition of the gas stream between the
gas burner and the first stage of the convertsr is the same, except the moisture content. This
allows the use of the same variable names for the composition of the gas stream between the gas
burner and converter, which saves space and increases execution speed. The composition of the
gas stream entering the heat recovery preheater depends on whether the gas burner is used. If it
isn't used, the composition and temperature are the same as those exiting the regenerator.

If a gas bumer is not used then

Mg Hpi = MiRo
Twpi= Tﬁ.o

else
Mjupi=0
Msp.upi = Msp.GB,1
Mcp Hpi = Mcp,GB.1
Mwup,i = MwGB,1 + Mw.ex
MNHp; = MNGB,1 + MNex
Monp, = Mo,ap,1 + Mo
Turi = T

Myp; = iMk.lmi

kwl




G 1545Mypp (Typ; + 460)
HPi ™ ge144%(14.687 + 3.61262497)

where k = CD,CM,CS H,HS ,M,N,0,8,SD,W and j = CM,CS,HLHS,M,S -

So far the algorithms have followed the gas stream into the acid plant and it seems logical to
model the heat recovery preheater next. However, the heat load on the preheater is determined by
the gas flow exiting the second stage of the converter, M25, which hasn't been determined and
this gas flow is depended on the gas flow entering the converter. This cyclic problem is
climinated by the assumptions made at the beginning of this section and noting that the
composition of the gas entering the converter can be predicted by the composition exiting the gas
burner. Another important assumption is dividing the first stage of the converter into two parts.
The first part bums the combustible gases and converts 70% of the SO to SO3. The second part
adds dilution &ir to lower the temperature to 1158°F. This is the same procedure used for the gas
burner. Another important points are:

» The combustible gases entering the converter are the same as those exiting the gas burner.

Therefore, the energy released in the first stage of the converter can be determined.
 The oxygen requirement for complete conversion of SO, to SO3 and the oxidation of the
other combustible gases can be calculated.

+ The gas entering the first stage of the converter is assumed to be 997°F and free of

moisture, since the drying tower removes all moisiure.

The oxygen consumed in the first stage is calculated, with the oxygen needed for oxidation
all the combustible gases and converting all the SO to SO3 is calculated below. This ensures
that enough oxygen is available to convert the SO to SO3. Once these values are known the
composition of the gas exiting the converter, not including additional dilution air needed to
maintain 1158°F, can be determined:

Mo,cs.1 = 2Mmpii + 0.5Mom i + 0SMipa;; + 0.35Msp pai + 1.85Mes pii +
1.85Mpus P, + 2.7TMs Py |

Mo,cs.an = 2MMpi + 0.5Mowpi,i + 0.5Mppui + 0.5Msp pri + 2Mcs PH. +
2Mpus pu,i + 3Ms pr

if Mg,cs.an > Mo pii then Mo,cs.c = Mo,cs.an - Mopii

else Mocsc =0

Mn,csc = 3.76Mo,csc

Mw,csc = 1.611%0.018(Mocs.c + Mo,cs.)

if Mo,cs.an > Mo,pi,i then Mo,cs.10 = Mo,cs.an - Mocsa

else Mo,cs.1.0 ™ Moy - Mocsa

Mn.cs.10 = Mapa, + Mucse
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Mcp,cs.1.0 = McD.pis + MMPHI + Mom i + Mos prs

Mw.cs.1.0 = Muprii + 2MMPHI + Mis pu i

MsT.cs.10 = 0.7(Msp,pivi + 2Ms i + Miis.pris + Mcs pid)
Msp,cs.i0 = 0.3(Msppri + 2Ms,pai + Mus,piLi + Mcs )

AHcs,y ™ 42,570%0.7Mgp pyy 5 + 345,200Mp pry; + 104,000Myg pry 5 +

121,700Mcp i + 315,000Mg pa i + 261,500Mys pa s + 265,800Mcs pi i

With this information an energy balance can be performed on the second part of the first
stage to determine the additional amount of dry air needed to cool the catalyst to 1158°F. Then
the total molar flow rate of moist dilution air can be calculated. The energy flow rate into the
second part of the first stage is the energy flow of the species entering the heat recovery
preheater at 779°F, except the moisture, plus the energy flow from the combustion air at 779°F,
plus the energy released i he first part. The energy flow out of the second part of the first stage
is the sum of the product  ases at 1158°F. The constants in Equation 6.69 are the enthalpies of
oxygen and nitrogen at 779°F. The constant 2864.2 in Equation 3.51 is the enthalpy difference
for dry air between 1158°F and 779°F.

E ww (779) . + 5,235, +5,028.4M, o  + A (6.1)
S gj Mk.PH.x M 7MO.CS.¢ ’ € 8]

6
Eesma ™ Zﬁj(l 1‘58)Mj.C‘S.l.o
F

E1Ecs,1ima (6.2)

Myrcsex ™" 78643

MgF = (1 + 1.611*0.018)Mgir cs.ex + MoCSc + Mn.m+ Mw,cse

where k = CD,CM,CS ,HHS ,M,N,0,S,SD and j = CD,N,0,SD,ST,W



Figure 6-3: Inlet Gas Cooling Heat Exchangers
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Now the molar flow rates for the gas streams entering and exiting the drying tower and gas
streams, 23 & 25 can be determined. The gas stream entering the drying tower is the same as the
gas stream entering the heat recovery preheater minus the moisture removed in the gas
humidification and cooling tower plus the moist dilution air. This includes all the moisture added '
with the dilution air, since the dilution air compressor is upstream of the drying tower. The gas
streams, 23 & 235, are a bit more complicated to figure out. Stream 23 is after the second stage of
the converter, which converts an additional 83% of the SO exiting the first stage to SO3, which
consumes oxygen. Therefore, gas stream 23 is the sum of My ¢s.1,0, the air added for temperature
control, Mgir,Cs,ex, minus the oxygen consumed in the second stage. After the second stage it
passes through the interpass tower, which removes all the moisture and converts all the SO5 to
sulfuric acid. Note that the variables My ¢s,1.00 MO,CS,1,0 20d Mcn,cs.1,0 do not include the dry air
needed to cool the catalyst to 1158°F.

Mp,; = Mpy; + MpF - 0.3Mw 4
Mp, =Mp, - 0.7Mw,py,; - 1.611%0.018M,45.¢5,ex - Mw.CS.c

-

6

My =3 M, o510+ M, rcsien - 0-50.83Mgp ¢

k=]

Mcp2s = Mcpcs.10
Mn2s = MNcs, 1,0t 0.79Mair 05,0 |
Mozs=Mocsyo* 021Muscsax 05°083*Msn a0 ()

Msp.2s =0.17Msp,cs.10
4 .
M, = EMw
=1

where k = CD,N,0,SD,ST,W and j = CD,N,0,SD

With this information, it is possible to model the heat recovery preheater, superheater and
boiler. Schematic diagrams for the heat recovery preheater, boiler and superheater are shown in
Figure 6-3. The factor which will most directly affect the cost of heat exchangers are the required
heat ransfer surface arca. This is calculated based on knowledge of the heat transfer load, the
heat transfer coefficient U and the log mean temperature difference (LMTD) for the heat
exchanger. The heat transfer coefficients for the heat recovery preheater, superheater and boiler
are 4.5, 6 and 15 respectively, which are taken from the Monsanto design.

The heat ioad in the heat recovery preheater is energy needed to raise the gas stream, 25,
from 180°F to 256°F. The exit temperature of the heat recovery preheater is estimated by making
a guess of the exit temperature based on the ratio of the heat load to the energy entering heat
recovery preheater. This algorithm is used instead of a constant since it provides a reasonable
estimate of the exit temperature, This temperature estimate is used to estimate the energy flow 0
rate exiting the heat recovery preheater. The energy estimate is used to calculate the exit
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temperature. The exit temperature is used to calculate the log mean temperature difference,
which is used to determine the area of the heat recovery preheater. |

4
Qup=2,6,256) - B (180055

Expi= gﬁkaﬂl’.i)Mk

Tgoas = 'rm(l - %}

B = 3T,

where j = CD,N,0,SD and k = CD,CM,CS, H,HS,M\N,0,8,SD,W

Tipo ™ %H* Typ;
(Tyey ~256) - Ty, - 180
=y
Too. - 180 |
Qup

Ayp ™ 4.5LMTD,,

LMTD =

The calculations for the boiler and superheater are similar, except that first the amount of
water that can be heated to steam must be determined and then the calculations for the LMTD
and heat transfer areas of the boiler and superheater can be made. To parallel the design work
performed by Monsanto, the off-gas temperature leaving the boiler is specified as SO6°F, unless
the exit temperature of the heat recovery preheater is less. If this occurs, the superheater and
boilcrmnotused.nomwnisgeneratedandthcwmpanmofthegascnwﬁngthcgns
humidification and cooling tower is the exit temperature of the heat recovery preheater. 7

The water mass flow rate required for conversion to steam is calculated by determining how
much energy is available in the hot regenerator off-gas to heat water from 226°F to superheated
steam at a specified temperature and 100 psia. The constant 17,929 is the energy needed to raise
a mole of saturated water at 226 to 338°F, while 2134.8 is the enthalpy of saturated steam at

n Mduﬁng&nhwdﬂuhwmmuz%mgimkmmm.mm
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"338°F.Thetempmmofthesnpu'hwedsteamisauwspedﬁedvaluc,sincethisswamcan

be used by some FGD processes, which require steam at different temperatures.
Enpo = Exp,i - Qup
: | ®
Esos‘?.{ﬁk(sm)”&
if Eqp o > Espg then -
Eaci=Esy
else
EGCJ“EHP»
Toc; = Tpe
E!-m 'EGC.
Mﬁﬁ >

Wl pecigied) - 2134.8 + 17,929

Now the boiler and superheater energy loads can be determined and after an energy balance
calculation, the boiler inlet temperature can be determined. The inlet temperature of the boiler
can be estimated similarly to the exit temperarre of the beat recovery preheater. From this, the
LMTD for both the superheater and the be 't can be calculated. Finally, the required heat
transfer areas for both heat cxchangers arc .alculated from knowledge of the heat transfer o
coefficient, heat load and LMTD.

Qb= 17,929M,,

-

Q= (RW(rspeciﬁed) -2134.8M,,

Tyuas = Typ; [1 -g—;’i:)

1
Epuss ‘éﬁkaxms)Mk |

Ty, =T,

HPo “guess
T..g: ——.—-—-—-—-+T
bii -Q‘E .o'E . HPo

The log mean temperature differences for the boiler and superheater are based on the inlet
and outlet temperatures of the two heat exchangers. The required heat transfer surface area for o
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cach is calculated based on the heat load, the logmcantémpmmdiﬁcxmccmdtheunivmal
heat transfer coefficient. The values for the heat transfer coefficients are adopted from the

Monsanto estimate. .
Typo = Topecifiod) ~ (Tp,; - 338)

= T -T
; HPo = " specified
T, - 338 ]
(T, ; - 338) - (506 - 226)
b 'rm-sss)
506 - 226/
e
A 6LMTD,
9
Ay 15LMTD,

The off-gas enters the cooling and humidification tower at a temperature of SO6°F and leaves
at 169°F. It is assumed that about 30 percent of the water vapor is removed based on the
Monsanto design. Cooling is effected by the circulation of a weak acid stream through the
cooling tower. The mass flow of this stream is calculated by an encrgy balance. The constant

. 324.6 is amount of energy needed to raise the temperature of the weak acid from 163°F to 181°F.
The constants 840.6 and 17,813 are the enthalpy and heat of vaporization at 181°F.

11
Egco aéﬁk(m)uk - 0.3f4,(169)Myy 1.

‘

Egc; - Egeo * 0.3y (Tgc,) - 840.6 + 17,813

My =- 324.6

The electricity usage for the main and dilution compressors and also the pumps used for the
strong, weak and product acid pumps can be determined. The pressure drops actoss the main and
dilution compressors are: 116™ and 67 of water respectively.

1.4-1
1545Mm, 2 1.4
= 1.4 14.687 + 3.612e™°*67
ECBF (0.75*60‘44240 1.4—1{[ 14.687 ) - 1](80 + 460)

1.4-1
154 2 14
Ecuc"( Mo, _.L-4{.l.éwﬂﬂ _1](120,,460)
0.75%60*44240 1.4-1 \ 14.687 + 3.612¢ 2951
Thcwmlmidmoquwdmbedcmminedmmcmmumpdonoﬂheympsm
pressure drops for the strong, weak and product acid pumps are 80 feet of water, 120 psi and 80
psi respectively. The efficiencies for the strong and weak acid pumps are 80%, while the product
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pump is much smaller and has an efficiency of 70%. The specific gravity for sulfuric acid greater

than 95% is 1.83, while the specific gravity for weak acid is assumed to be 1. The specific

gravity for the product acid at 93% concentration, is estimated to be 1.77, which equals 1.83%.93

+ 1*0.07. The energy needed for the weak acid pump is based on the molar flow rate of weak ‘
acid. The strong acid system which supplies acid to the drying, interpass and final towers has

three pumps. Therefore, the energy usage is based on scaling the total flow rate for these pumps

on the sulfuric acid produced. In the Monsanto design, 3501 gallons per minute of strong acid is

pumped against a head of 80 feet of water for 17.3 tons per hour of acid produced.

Macid = 0.995 Mspr,o + McsRo + MusRo + 2Ms ) * 98 1bm/Ib'mole
/ 2000 tons/Ibm

1bfeyg lbm o
12020 +18, B 14.4—-1«1WA

a4, 240—5@4"“’ fla, 48055-*60--*8 33-—‘:“‘*0 80
which mmphﬁes to
1bf
120=M,,
ECWA - iﬂ2 A
2
3 g13lbmole/hr* Ibffin2e
63,81 W *0.80

3501221

EC,, =

" min 1bm ft '
———= 80 ft * 61.2—=-%*32.174-22-%], 83m ,
| 17.3—“’—“—"— £ sec? ‘ S
BC,, = @

7. 48055‘1;*32 174-lb—m'f‘;2-44 24pft-lbtfmineg, g
ft bf-s

which simplifies to

202. 4——_3"'“‘“‘*80 fim_
EC = tons/hr

2955——--——--g *0.80

20001"-‘9*144—*80—:::1"‘
E f?
Cor=

m‘!l-lﬂ*s 33%‘1'&*7 43055ﬂ~44 uo-lfé!“‘-n 77%0.70

which simplifies to
80-l-b—f m, g
ECp, =

1017.‘.!.’!.‘5@'.&&.‘0 70

The total energyconsumedxsthemmoftheinlct,gasbma. dilotion air and main
compressor plus the weak, strong and product acid pumps. The equivaleat electric power of the ‘




13

steam prrduced is calculated by assuming an 88% efficient boiler and the heat rate specified by
the main power plant. , ‘

' |
ECuwpu = ECic + ECgp + ECpr + ECyc + ECwa + ECss + ECpa

Epio " Eoci
EC, = O.ZBHR :

64 Economic Model

The cost estimate for the sulfuric acid plant is based on physical parameters that sffect the
cost of the equipment in the plant. An experimental scaling factor of 0.6 is assumed and all the
capital costs are in mid-83 dollars, except the inlet compressor and gas burner which are mid-82
dollars. All costs may later be adjusted to a current basis using appropriate cost-escalators
included in the IEC model. L a

6.4.1 Capital Cost
The cost of the inlet compressor depends on the pressure drop and the inlet gas flow rate. The
cost is pro-rated by pressure drop since the capital cost of blowers and compressors increase with
increasing pressure. The cost estimates come from the NOXSO chapter in the EPRI Economic
Evaluation of FGD Systems (22). For both estimates, it is assumed that there are two operating
and one spare. The algorithm is:
if P, < 47" of water

0.6
C.

DCC,. = $1.04¢ G‘.‘"’ ‘ idx
=319 35,0006 /min) 314 .

else if 47 <= P <95

0.6 ‘
DCC, . = $5.64¢ Oro S
OO = 5.6\ Tooet 10 in) 314

The capital gas of the gas bumer is also taken from reference (22). It is assumed that there are
twooperatingandoncspmandthattheoostincludcsthewstofthewmbustionaircqmprcssor.

0.6
G
ICo J ;C_i&
68,000 f'/min) 314
The heat recovery preheater cost is scaled to the Monsanto cost estimate of $29,000 for a heat
exchmgawithanamof1100squmfeet.Thecostoftheboiluisbasedmanesﬁmatedcost
of $53,000 for a heat exchanger with 350 square feet of heat exchang > area. The cost of the .

supe:hcawrisscaledﬁ'omthcasﬁmtcofwo.wmmahmmhmgmwithnnmaofSO square
feet.

DCCqp = $7.075{



0.6
D $29.000| —2 | Sae
CC;HP =35 1,100t2) 316.9

' 0.6
ml R -
DCC, = 353,000 35052  376.6

A, 0.6 c
— idx
DeG = sso.wo(soﬂ,) 316.9
The gas humidification and cooling tower cost estimate is based on the Monsanto estimate of
$367,000 for a gas stream of 1063 Ibsmole/br. The cost of the tower is scaled to the off-gas flow
Mgc,; entering the sulfuric acid plant.

0.6 '
M c
GC dx
DCCfc = $367 '000(1,063 lbmolc.’hr] 316.6

The weak acid system is associated with the gas humidification and cooling tower. The cost
of this system is proportional to the flow rate of weak acid, Mwa, required to achieve thé
necessary cooling in the tower.

M.W 0.6 c
‘ A dx
DCCyyy =$39v°°°(19,250 lbmole/hr) 316.9

The drying tower is sized to accommodate the inlet gas stream consisting of the regenerator
off-gas and dilution air, Mp ;. Monsanto estimated a cost of $636,000 for a tower that handles
5325 Ibsmole/hr of gas.

0.6
MD.i Cidx
DCCp = $636.000 37355 Tomoler) 316,

The blower and filter are required to pump and clean the dilution air mass flow, MBF and are
sized accordingly. Monsanto estimated the cost of these components based on a dilution air inlet
flow of 4407 lb-mole/hr.

0.6

Mg Ciax
DCCy = $518,000(4'407 ibmole/ir) 316.9

The contact section of the sulfuric acid plant includes the inter-pass heat exchangers and the
catalytic converter. The total cost of this part of the system was estimated by Monsanto to be
$2,681,000. The cost of this part of the plant is scaled to the gas flow exiting the drying tower.

0.6

Mp, ) Cia,
DCCs = S2’681’000(4,854 " mole/nr) 316.9
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nemfmmehmmdﬁnﬂwwmmdmmmeqxﬁﬁmtmuﬁmmdmhc
$988,000. This cost is scaled to the gas stream Mz,

MB 0.6 c
L idx
DCCT=$98&“’°[4.685 lbmole/hr) 316.9

The strong acid system is proportional in size to the amount of sulfur in the off-gas stream.
The cost of the effluent stripper is assumed to be propartional to the off-gas flow rate.

DCCy, =$739, m{”m.m.i +Mes i + Muswps * ZMS.HPJ)O.‘ Cise_

354 lbmole/hr 316.9

0.6
Moc; ] Cas
DOCes~ m'ow[l,oes Tomole/ir) 316.9
The total direct cost of the sulfuric acid plant is the sum of the individual equipment direct
capital costs. The indirect capital cost, not including AFUDC, is estimated to be 27.5%, 41.9%

and 8.1% ot the total direct cost for the labor and general field cost, home office cost and
contingency respectively.

DCCyu ™ gDcck

TCCocia = (1 + 0275 + 0.419 + 0.081)DCCooear= 1.776DCCo0m1

64.2 Operating and Maintenance Costs -

The non-utility operating costs of an acid plant consist of the operating, maintenance and
administration labor, plus maintenance material, catalyst makeup, marketing and shipping cost.
The labor costs and makeup requirements are estimated from letters with Monsanto (33, 34). The
maintenance personnel are assumed to only work 1/3 of the total number of hours in a year. It is
assumed ﬂmZapemmmalwayswmﬁngmmdtheclock.Acidphntsofthis size require 2
mpmmmpershift,wichfuﬂﬁmcminmnumpwpiaThcudnﬁnimﬁonmdsuppmlabm
cost is estimated to be 30% of the operating and maintenance labor cost.

OCoper = 2 persons * 19.70 $/kr * 8766 hrs/yr * Cias/325.3
OCmairs 1abor ™ 2 Persons * 19.70 $/hr ® 8766 brafyr /3 * Ciga/3253

OCaimin = 0.30 * (OCopsy + OCmaint-loine)
Thcmﬁnmmmm&niﬂmisecﬁmmduamﬁmofﬂwdimmapimwnm
ﬁ-ucﬁonis0.9%.Themakwpofthcumlystisappmximamlyz%payenmdmemvm
requires approximately $35.2 per Ibemole/br of gas flow (1985$) (34). The marketing and
shippin.gcommmimmdwbclwﬁmmﬁﬁcmdmedh(u).smmaddisumdm
sell for $50/0n (19858). (12).



OConsint-matt = 0.009 * DCCypp

OChmakenp = 0.02 * 35.2 85$/1bemole/hr * Mg * Ci4/325.3

OCcredit = 50 858/ton * CF * 8766 * megq * Cign/325.3
OCmarketing = 0.1 * OCo it

OCuotal = OCoper + OCmaint-laber + OCadmin + OCmain-mmer + OCmakeup
+ OCmerksting = OCcredis

6.5 Numerical Example

This section contains a numerical example of the sulfuric acid plant model presented in the
previous sections. The input parameters and their values necessary to run the mode] are given in
Table 6-1. The model will be illustrated by using a gas stream with a large quantity of
combustible gases, which requires the use of the gas burner. The gas stream is not from any
particular report or FGD process. The composition consists of the species with which this model
has been designed for except nitrogea and oxygen.18 The pressure exiting the regenerator in the
FGD process is 28” of water. Therefore, the inlet compressor is required to raise the pressure to
97" of water.

Since the pressure of the regenerator off-gas is less than 97 of water, the inlet compressor is
needed. Equations 6.3, 6.4, 6.5 and 6.6 are used to calculate the temperature exiting the inlet
compressor, gas flow rate in actal cubic feet per minute and electricity consumption of the

COmpressor.
Lal
14 -
14.687 + 3.612:"1‘97) (63)
A reT e dgindp | -460

Tic.o = (Tp,o + 460) (14.687 +3.612¢ %P |
1.4-1

14
2
14.687 + 3.6124 %97
Tici= 630+ 460{14. 687 + 3.6126**28] - 460

Tic; = 958.5°F
s 1545 My (T,  + 460)
1G5 60%144 (14.687 + 3.612¢2 P, )

(6.4)

_ __1545%1,568%(550 + 460)
IGi 60*144(14.687 + 3.612e2%28)

1 Mmmmfmwmgmmmmummhmwm Since
there are products of incomplete oxidation in mmhummymm
N‘mogmcwhbavebbmnddedwmzmm mynimvgm wonld probably have been
with air 8o completely oxidize the gas in the regenersior.
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Gic; = 24,290 acfm

1545 M, (T, +460
Gpco ™ Mro Tico * 200 (65)
60*144(14.687 + 3.612¢2%97)

Table 6-1: Input Parameters for Sulfuric Acid Plant Numerical Example

Input Parameter Sample Value Input Parameter Sample Value
Tro 900°F - MMR.o 10 lbsmole/hr
Pro 28" of water MNRo 0 lbemole/hr
Tipecified 550°F MoRro 0 1bemole/hr
McpRr.o . 500 1bemole/hr MsRro 41 Ibemole/hr
Mcor.o 50 1bemole/hr MspRro 200 lbemole/hr
Mcos.Ro . 17 1bemole/hr Mwgr.o 500 ibemole/hr
MuRro 100 1bemole/hr Mgro 1,568 1bsmole/hr
MHs R0 150 1bemole/hr
- 1,545*1,568*(958.54 + 460)
ICo ™~ 60%144%(14.687 + 3.612¢2#97)
Gico = 21,865 acfm
if Pr o < 47 then

1.4-1

14
EC,_= 135Myo | 1.4 ) (14.687+3.6026%%97 )y [T, +460) (g
0.75°60°44,240 \ 1.4-T) | 14.687+3.612¢%P, _ .

else ECyc = 1.38¢4Gyc (97 - Pro)

Since 28" is less than 97"
1.4-1
1.4
1,545%1,568 Y 1.4 ) (14.687 + 3.612¢2#97
EGe= (o.vs*eow.m 1.4-11' (‘1"4,687"" rrezedng) 1 {Trot 460
ECic = 249.3 kW

Thcgasbmucrisusedsineetheinletgxsconminsmmymmbusﬁblcmmnguﬁmmof
ﬁmgasbumudividcsitimotwowm,seeﬁgm&B.Theﬁmmda&mimmcammxmof
mwgyrduwdbybmﬁng%wmbnsdhlcgm.lhkkuwdmdmmﬁmﬁwmmlmmﬂow
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exiting the first part of the gas burner and the composition of the outlet gas. The air needed for
combustion and its temperature are calculated first.
Mo, =2MMp0 +0.5MiR o + 0.SMom R o + 1.5McsRo + 1.5SMHESRo + 2Ms R0 '
Mo,,1 =2*10 + 0.5*%100 + 0.5*50 + 1.5%17 + 1.5*150 + 2*41 = 42 .5 lbemole/hr )
since 1.05%427.5>0
Mg = 1.05%427.5 - 0 = 448.9 lbemole/hr
Mp = 3.76Mp = 3.76*448.88 = 1,688 1bemole/hr

Mw, = 1.611*0.018(448.88 + 1,687.77) = 61.96 lbemole/hr
1.4.1

1.4
24 -
T, = (80 + 460) ( 14,0874 3.002¢ 97) - 460

Te=114.1°F
Now the exhaust gas from the first part and the energy released are calculated.
Mco,Ge,1 = Mcos,aB,1 = Muas,1 = Mus,ae.1 = MmaB,1 = Ms,as,1 =0
Msp,gB.1 = MspRo + McsRo + MHSRo + 2MsRo
Msp,gB,1 *= 200 + 17 + 150 + 2*41 = 449 Ibemole/hr
Mw.B,1 = Mw,R» + Mw, + 2MMR0 + MiRo + Miis R0 0
Mw,GB,1 = 500 + 61.96 + 2*10 + 100 + 150 = 832.0 Ib>mole/hr
Mcp,aB,i = McpR.o + MMk + MR + McsRo
Mcp,cB,1 = 500 + 10 + 50 + 17 = 577 lbemole/hr

MNGB.1 = MNRo + Mw,c

MN.GB.1 =0 + 1,688 = 1,688 Ibsmole/hr

since 0 > 1.05%427.5 is false

Mo,gg.1 = 0.05Mo,.;1 = 0.05%417.5 = 21.38

AHgp = 345,200M)y; + 104,000My + 121,700Mqy + 255,400M;s +

222,900Mys + 236,000Mcs

AHap = 345,200%10 + 104,000%100 + 121,700*50 + 255,400*4 1+

22, 00*150 + 236,000%17

AHas *= 67.86¢6 Bay/hr 0



The total energy exiting the first part of the gas burner is calculated next, with the energy
flow rates of the exhaust gases at two estimated temperatures 2000°F and 958.54°F. Then the
energy flow exiting the first part is compared to the energy flow rate of the exhaust gas, if it is
greater than additional air is needed to cool the gas burner. Then the total volumetric flow rate of
the combustion gas is calculated with the electricity consumed by the compressor for the
combustion air. :

11 11
Egpi "Ziﬁkcrani)Moni “Z‘ak(gss-M)Mam

Eqg; = 9,567*500 + 6,414*50 + 10.34¢3*17 + 6,166*100 +7,950*150 +
10,33¢3%10 + 6,359*0 + 7.426%41 + 9,833*200 + 7,576*500
Egg; = 13.25:6 Buy/hr

E= ﬁ(J(T'?)MOat + GN(r")MN.c + EW.G(T")M”*‘
E, = 261.3%448.9 + 258.6*1,688 + 208.2*61.96 = 572.2¢3 Bu/kr
EGB.qu w:Emj +E. + AH‘.m
Egp o = 13.25¢6 + 572,263 + 67.86¢6 = 81.68¢5
5
E b max ajzlﬁj(zooo)wg,

EB ma = 2278634577 + 14.44¢3%1,688 + 15.18¢3+21.38 + 23.3663%449 +
17.92¢3*832.0
EGp max = 63.24¢6 Bru/hr

5
E B min = ;ﬁjcrmimj.l

EGB min = 9,569*5T7 + 6,359%1,688 + 6,640%21.38 + 9,833%449 + 7,576*832.0
EGB min = 27.11¢6 Br/hr

131 .



ifE >E then
GB,total GB, max

E -E

Oex 15,180-3 (T)+3.76(14,440-h (T)) + 1.611*0.018‘(17,920-?1 T)
o ¢ N ¢ w ¢

T =2000
GB,o

elscMOM--O

T =
GB.o EGB.

_since 81.68e6 > 63.24¢6

2000»’1‘(.,&i E E
m'EGn.m GBtotal

GRmin) * T

GB.i

M, = 81.68¢5 - 63.24¢°
#% (15,180 - 261.3) + 3.76(14,440 - 258.6) + 1.611*0.018*4.76(17,920 - 298.2)

Mo ex = 260.9 Ibmole/hr
Tas.o = 2000°F

Mp ex = 3.76Mo &z = 3.76%260.9 = 981.1 Ibernole/hr |
Mw ex = 1.611%0.018*4.76Mo o5 = 1.611%0.018%4.76°260.9 = 36.02 lbemnole/hr
M 1om1 = Mo +'MN, + Mw,e + Mo ex + MNex + Mwex

Me tora1 = 448.9 + 1,688 + 61.96 + 260.9 + 981.1 + 36.02 = 3,477 Ibemole/hr

_ L545M. (B0 +460) 1 545%3,477%(80 + 460) _ 22,860 acfm

Cerow =~ gv14.687144 60+14.687%144
( 1.4-1
)
po o| 2 Mesw | 1.4 ) (14.68743.612¢2497 1 |80+ 460)
GB ™ | 0.75°60%44,240 ) 1.4-1 14.687 -

1.4-1

4

[ 1,545%3,477 1.4 e 1
1 14.6874 36126 *97 | _y |80+ 460)

ECqp = 0.75%60°44,240 | 1.4-1 14.687

ECgp =321.8 kW

Since the gas burner is used, the actnal exhaust gas and volumetric gas flow rate needs o be o
calculated. It is important to note that the molar flow rate has tripled, while the volumetric flow
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rate has increased almost five times. Since the gas bumer is upstream of the superheater and
boiler, the energy released in the gas burner can be partially recovered by the superheaier and

boiler.
0 | MCO,HP,i = MCOS HP.i = MELHP,i = MHS.HP,i = MM.HP,i = MSHPi = 0 lbsmole/hr.
MSD,HP,i = MSD,GB,1 = 449 Ib'molc/hr
MCD,HP,i = MCD,GB, 1 = 577 Ibemole/kr
MNHP,i = MN,GB,1 + MN,ex = 1,688 + 981.1 = 2669 Ib-mole/hr
MOXMP,i = MO,GB,1 + MO,ex = 21.38 + 2609 = 282.3 Ibemole/hr
MW/ HP,i = MW,GB,1 + MW,ex = 832.0 + 36.02 = 868.0 Ibsmole/br
THP,i = TGB,0 = 2000°F

11
My, = ZMk.HPig 577 + 2,669 + 282.3 + + 449 + 868.0 = 4,845 lbmole/hr
* k.l "’

o o LM (Top; 4500 1,54504,8454(2,000 + 460)
HPi ~ 6)¢144%(14.687 + 3.612e2%97)  60*144%(14.687 + 3.612¢2+97)

Gyp,; = 117.2¢3 acfm | | |
‘ The next step is to calculate the oxygen needed for the converter and the energy released in
the first stageoftheconvmu.Theﬁrststageofthecamlyﬁcconvmisdividcdimotwopam
to solve for dilution air. The first part burns any combustibles and converts above 70% of the
SO21t0S03.
Mo cs,1 = 2MMmpH,i + 0.5MoM Pii + 0.5Mp pu; + 0.35Msppi + 1.85Mcs pH.i +
1.85Mpys pui + 2.7Mg pi,; Ib\mole/nr

Mo,cs.1 = 2*0 + 0.5%0 + 0.5%0 + 0.35%449 + 1.85%0 + 1.85%0 + 2.7*0 = 157.2
Mo,Cs.ah = 2My P + 0-SMom P + 0-5Mi i + 0SMsp.piLi + 2Mcs pHi +
2Mpys pH,i + 3Ms piLi ‘

Mo,cs.an = 20 + 0.5%0 + 0.5%0 + 0.5%449 + 2%0 + 2%0 + 30 = 224.5 lb-molc/hr
if Mo,cs.an > Mo paii then Mo,cs.c = Mo,cs.an - Mopii

else Mocs. =0
since 224.5 is not greater than 282.3 then
Mo csc = 0 1bsmole/hr

0 Mncsc = 3.76Mo,cs,c = 3.76*0 = 0 Ibemole/hr



Mw,csc = 1.611*0.018(Mop,cs,. + Mo cs ) = 1.611%0.018(0 + 0) = 0 Ibsmole/hr
if Mo,cs.an > Mo,pi,i then Mo cs,1,0 = Mo,cs.an - Mo,cs 1 .
else MO,CS,1,0 = MO,PH,i - MO,CS,1 ‘
since 224.5 is not greater than 282.3 then
Mo,cs.10 = MopHi - Mocs,1 = 282.3 - 1572 = 125.2 1bemole/hr
Mn,cs.10 = MNPH + MNcsc = 2,669 + 0 = 2,669 1bemole/hr
| Mcp cs.10 = Mcp P, + MMpHi + Mo PR, + Mes.pri
Mcp,cs.10 = 577 + 0 + 0 + 0 + 0 = 577 Ib'mole/hr
Mw,cs,1.0 = MiLpi + 2Mppi; + Mis pii = 0 + 0 + 2*%0 = 0 Ibemole/hr
Msr.cs.1.0 = 0.7(Msp,pii + 2Mspi.i + Mais PiLi + Mcs.pi)
MsT,c5.10=07(449 +0+0+ 0+ 0) = 3143
Msp,cs.10 = 0.3(Msp,pi + 2Ms,pri + MEs pH.i + Mcos P
Msp,cs10=03(449 +0+0+0+0) = 1347
AHcs ) = 42,570%0.7Msp,pii + 345,200My; pr; + 104,000Myy pry +
121,700Mcw pr; + 315,000Ms i + 261,500Myts i + 265,800Mes.pis
AHcs ) = 42,570%0.7*449 + 345,200*0+ 104,060"0 + 121,700*0 + 315,000%0 O

+261,500%0+ 265,800%0 = 13.38¢6

An energy balance can be made to determine the amount of air needed for cooling the first
stage of the converter. Once this value is known, the total amount of moist dilution air can be
determined with the molar flow rates exiting the drying tower (Mg), second stage (M23) and
entering the heat recovery preheater (M2s).

10 -
Eg, = kz%mg)mk.m +5,235.TMg o5  + 5.028.4My (g +AH

Ecs 1= 7,456*577 + 5,068*0 + 8,082*0 + 4,888%0 + 6,202%0 + 7,779*0 +
5,028%2,669 + 5,236%*282.3 + 5,869*0 + 7,680*449 + 5,236*0 + 5,028%0 +
13.38¢6

Ecs.1 = 36.03¢5 Bru/hr

6
E =Y'h.(1158)M.
CS,1,max g ] 3CS,1,0 O



Ecs.max= 11,980*577 + 7,859*2,669 + 8,226%125.2 + 12,200%134.7 + 16,970*314.3

o 49,439%0

Ecs max= 35.91¢6 Buu/hr
where k = CD,CM,CS JLHS,M,N,0,S,SD and j = CD,N,0,SD,ST,W

Ew,"E 6 6
oS CSlmax  36.03¢ - 35.91e” _ bmole/hr
Mas.cs.00 2,864.2 2,864.2 42.53 Ibmol

Mgr = (1 + 1.611%0.018)Mazr.Cs.0x + Mocs.c + MNcSe + Mwcse
Mpr = (1 + 1.611%0.018)42.53 + 0+ 0 + 0 = 43.76 Ib>mole/hr

Mp; = Mpi; + Map - 0.3Mw,pi = 4845 + 43.76 - 0.3*86§.0 = 4,629 Ibemole/hr
Mp, = Mp,; - 0.7Mw pH,i - 1.611*0.018M,ir cS.ex - Mw,CSc
Mp,o = 4,629 - 0.7*868.0 - 1.611%0.018%43.76 - 0 = 4,020 Ibmole/hr

6 .
My, ‘%Mxm. 1o ¥ Myrcsex - 0.5%0.83Mgp 5,10

Nigs = 577 + 2,669 + 125.2 + 1347 + 3143 + 0+ 42.53 - 0.5%0.83*1347
O Mg = 3,807 Ibemole/br

Mcp 25 = Mcp,cs.10 = 577 Ibemole/ht
My 25 = Mycs 1.0+ 0.79Mair C5.ox = 2,669 + 0.79%42.53 = 2,702 Tbemnole/br
Mo .25 = Mocs.1,0+ 0-21Mir,Cs.ex- 0.5*0.83*Msp.cs.10

Mos = 1252 +0.21%42.53 - 0.5%0.83%134.7

Mo.25 = 78.19 Ibemole/hr

Msp 25 = 0.17Msp,Cs.1.0 = 0.17¢134.7 = 22.90 Ibsmole/br

-

4 ,
e S'M. .. = 577 +270 + 78.18 + 22.90 = 3,381 1bmole/hr
M25 & 25

where k = CD,N,0,SD,ST,W and j = CD,N,0,SD

Thehcmloadonxhchammpmheammbedemuﬁnednow.mciniﬁalgucssforthc
exit temperature is estimated by the ratio of the heat load to the inlet energy flow rate. This
algorithm is used because it makes a very good initial guess for a wide range of inlet
mpmunu,oomposiﬁonsaudhmloads.NowmminEqua&unsGJand6.8.themolarﬂmv
O nmsofﬂxewmbusﬁblegammwoandm&shminﬂnmlmhﬁm



Qm,=§;<ﬁ (256) - f. (180»M ‘
J= ! }

Qup=(1,715- 961.0)5"577 + (1,256 - 720.3)*2,702 + (1,285 - 732.3)*78.19 +

(1,802 - 1,017)*22.29

Qup = 1.943¢5 Buvhr
11 11
Byp; = 2B Typ 9, = 3 6,20000M, 67

Enp; = 22.78¢3%577 + 14.44¢3%2,669 + 15.18¢3%282.3 + 23.36e3%449 +
17.92¢3+868.0
Enp; = 82.01¢6 Bru/hr

Qyp ( 1 943c6)
= 1 Oy —— = 1 © el——— = 0

11 11
E guess = ?:ﬁ,('r,m)mk = zak(l,%s)Mk | N (6.8) e
Eguess = 22.15¢3*577 + 14.0603*2,669 + 14. 78e3*282.3 +22.70e3%449 +
17.42¢3+868.0 -
Eguess = 79.79¢6 Bu/hr

where j = CD,N, o.sn and k = CD,CM,CS,H,HS,M,N,0,8,SD,W
-T
zus 6 2,000 - 1,953 o
-Qm, +'r = -1.943¢ +2,000 = 1,959°F
Em 82.01¢ - 79.79¢5

(Tyyp; = 256) - (THPo'lso) = (2000 - 256) - (1,959 - 180) _ ; 50k
T 256 1,959 - 256
W 2,000~ 180

QHP 1943e 2
Ap= q5LMID,,  4.5%1,761 b Rl

LMID,y,=

The amount of steam generated with the heat and area of the boiler and superheater, are O
determined similarly to the heat recovery preheater. The energy flow rate exiting the heat
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recovery preheater is compared to the energy flow at 506°F to determine if any steam can be
generated.

) Expo = Exp, - Qup = 82.01¢6 - 1.943¢6 = 80.07 Buhr

11 .
Egp = glﬁk(f‘“)Mx

Esos = 4,366*577 + 3,040%2,669 + 3,143%282.3 + 4,527*449 + 3,556*868.0
Esos = 16.64e5 Br/hr
and k = CD,CM,CS, H.HS,M,N,0,S5,SD,W
if Eyyp o > Espq then
Ecci = Esps
TGC,i = 506
else

Egci = Eupo

Taci = Thro
since 80.07¢6 is greater than 16.64¢6

Egc = 16.64¢6 Bru/hr
Toci = SO6°F

M, =— Euro “Foci o 80.07¢5 - 16.64¢5 _
chrmﬁ -2,134.8+17,929 3,934 -2,134.8 + 17,929

M, = 3215 Ibemole/hr
Now the boiler and superheater heat loads and also the log mean temperature differences and

areas can be determined. It should be noted that the model is not smart enough to determine
whether the exit temperature of the heat recovery preheater is lower than the specified
temperature of the steam. If this occurs, a waming will be generated by the model when the
model tries to evaluate the log mean temperature difference for the superheater. At this point the
user should check the exit temperature of the heat recovery preheater and set the temperature of
the steam accordingly.

Qy = 17,929M,, = 17,929%3.215 = 57.65¢5 Buu/hr

Q =[BT, o0 - 2134.8]M,, = (3,934 - 2,134.8)°3,215 = 5,786¢° Bou/hr



&) 5.768¢5
Tguess =THP'°(1 “Empa ™! 959(1 "30. mc ) 1,817°F

11 11 ‘
E uss = 20 (Tgnee)M, = 3 B, (1,817)M,
k=l k]

Eguess = 20.35¢3#577 + 12.98¢3#2, 669 +13.63¢3+282.3 + 20.86e3*449 +

15.99¢3+868.0
Ejguess = 73.49¢6 Br/hr
T, = Qe T‘““‘nm, = -5.78605 100 " LBy 959 2 1,834°F
Egpo,-E o 80.07¢® - 73.49¢°
 (Typo - Topecified) ™ T - 338) - 550) - -
LMTD, = - HPe _ spesified)” " b - (1,959 - 550 - (1,834-338) _, ,sor
| Typ,, - 338 l“(1.959 - 550)
W" 1,834 - 338
(Ty,; - 338) - (506 - 226) - 338) - (506 -
LMD, = b _ (1,834 -338) - (506-226) _ . gor:
TM-338) 1,834 «338]
5%.226 5%‘226

Q _ 57868 2
A= 6LMTD, 6%1,452 =664 ft

‘

Q 57.65¢° 2
A= T5MTD, ~ 154125.8 = 20

The weak acid needed for the gas humidification and cooling tower and also the electricity
consumption of the compressors and pumps can be calculated now.

11
Egco =éﬁk(169)Mk - 0.365,(169)My, 1

Egc o= 854.7*577 + 643.1%2,669 + 653.2%282.3 + 905.2%449 + 742.9*868.0 -
0.3*742.9#868.0
Eac, = 3.252¢6 B/hr

Ege; - Egco * 0-3(y (Tgc,) - 840.6 + 17,813)My, “
Mya= 246




_ 16.64¢° - 3.252¢° + 0.%(3,556 - 840.6 + 17,813)868.0

Mwa i 324.6

Mwa = 57,710 lIbemole/hr

1545Mg;, 1.4 )

ECr =[0.75*60*44240 14T)

1,545%43.76 1.4 )

\ 14.687

ECye= [0.75*60*44,240 141

ECpp=2.862 kW

\ 14.687

( 2
14.687 + 3.612e™*67

(14,687 + 3.612¢%*67

1.4-1

1.4
J - 1 {(80 + 460)

1.4.1

1.4
) - 1 (80 + 460)

1.4-1

1.4

14,687 + 3.612:‘2*167)
1

C T \0.75*60*44240/ 1.4-1 14.687 + 3.612e2*5

1,545%4,020 Y 1.4
ECyc = | 0.75%60%44,240 } 1.4-1

ECyc = 422.7 kW

{14.68‘7 + 3.61}«:‘2*}_6_7_) .
14.687 + 3.612e2#51 i

] 1](120 + 460) (

1.4-1
1.4

-‘(120 + 460)

Mycid = 0.995(MspR.o + McsRo + MHs R0 + 2Ms R o) 98 Ibm/lbemole

2000 tons/Ibm

Magd = 0.995(200 + 17 + 50 + 41) * 98/2000 = 21.89 tons/hr

1bf
120=My,,
EC,,

120 * 57,710
EQa=Ge3v0s

202.4E2CTeg0 frm_,
ECSS =____%—-—-

2055 B R40,80

= 135.7 kW

= in
A= n =
3lbrnolgﬂg* 1bffin ¢ )
63,81 W 0.80

EC, = 202452189280 . 140 91w

2,955%0.8
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801—b-f-m

1017%&!__{&.&0 70

21.89 * 80
ECa=T017%0.7 - >4

ECioul = ECic + ECaa + ECpp + ECMmc + ECwa + ECss + ECpa
ECoul = 249.3 + 321.8 + 2.862 + 422.7 + 135.7 + 149.9 + 2.46 = 1,285 kW

Epyo-E
BCo=—p8sER .
Emio ~Eoci _ 80.07¢5- 1
_EC. = ...___e_.:._.§.._§.i“.§_
Ca=—7. 88HR 0.88%0500 - 08! kW

The direct capital cost of the power plant is calculated next.
if PR > 47 then
0.6
G
R,0 C
DCC,. = $1.04c s
s t{35,000 ftalmin) 31

else if 47 <= Py _ <95

0.6
G

_ R.0 Cidx
P ‘C"ss'm{moéﬁﬁmm) 314

since Pgo > 47

0.6
C,

—idx 0.6
DCC =381 0“{35000ﬁ3/mm) 71a =510k [

0.6

J -—---=$843 (1

G
1,0 C. (
= 5 ldx o7
DCCap $;'0:c(68,000ﬁ3/min) g =307

316.9 _ 3
] 314 $361.2¢%

A 0.6 c 0.6
| G M) 316.9 3
DCCHPB $29, 000(1 I(X)ft ) 3169 * $29, 1,100 316.9 =$11.78e

0.6
A | Ce ;5_»2’;5..] 3169 6
DCG, = $53. 000(350&’ 360 ~320350) 3169 =30




A, ) 00({
- i - 316 9 3
DCC, = $80, prvs -——31 o $80, T = $377.6¢

0.6 0.6
M C.,. 4,845
] uuo| ac 4.845) 3169
DCCq = $367,000 1,553 lbmolc/hr] 6.6~ 3367 1063) 316.9

DCCqc = $911.9¢3

0.6
My G 21,710 "“0] 316.9
DCCya ‘339'00‘{19.250 bmole/r) 3169 0 C19.250) 3169

DCCwa = $75.36¢°

0.6
Mp; Cite mx{i-.@ﬁ) 316.9
DCCp, =$636,000 5355 Tomotemr) 3169 - ~0-0005.325) 3169
DCCp = $586.7¢3

My ) Sea_ 000(43 36\ 3169
D%"“‘s'o""[ummmolm T69 O 3169

DCCgF = $32.55¢3

0.6

0.6
| My, ) Ciae mu(ﬂ&] 316.9
DCCes ".’2'681'000(4854 Tomcle)  316.5 oo 0004854 3160
DCCs = $2.394¢5
0.6 0.6
My ) S .?z§.Q‘7_) 316.9
DCCr"S"”ss-mo[%ss Tomoiemm) 3169 o000\ 4685) 3169
DCCr = $872.3¢3
Mg i * Mes uri * Masrs *msmw) C
DCCy, =57 39-"00{ 354 Ibmole/tr 316.9

mo(«g+g+0+g) 3}23“”‘3‘3

DCC, = 5739,

14%
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0.6 0.6
Moci ) Cigy .4.’.54;5.] 316.9
DCCes= 370'000[1.063 Tbmoler) 3169 ~ > 00\ T.063) 3769 . 0
DCCs = $173.9¢3
-
DCC, = tncck = $843.0¢” + $361.2¢? + $11.78¢> + 5270.5¢° + $377.6¢% +
k=]

$911.9¢ + $75.36¢ + $584.7¢> + $32.55¢ + $2,394¢> + $872.3¢3 +

$852.3¢ + $173.9¢3
DCCroa1 = $7.761¢6

TCCucig = (1 + 0275 + 0.419 + 0.081)DCCyoy = 1.776DCCo0a

TCCucig= 1.776 * $7.761¢3 = $13.784¢3
Now the operating costs are calculated.
OCoper = 2 persons * 19.70 $/hr * 8766 hrs/yr * Ciun/325.3

OCoper = 2¢19.70*8766%316.9/325.3 = $336.5¢3/yr

OCrnaius-tebor = 2 persons * 19,70 $/ur * 8766 hrsfyr / 3 * Ciap/325.3

OCrnuini-labor = 2*19.70%8766 / 3 * 316.9 /325.3 = $112.3e3/yr

OCutmin = 0.30(0Copss + OCrmais e | @
OCadmin® 0.30(336.5¢3 + 112.3¢%) = $134.663 1

OCrain-mater = 0.009DCCyr= 0.009 * 7.761¢6 = 64.85¢3/yr

OCmakeup = 0.02 * 35.2 85$/lbsmole/hr * Mg * Ciy/325.3

OCmueg=0.02 * 35.2 * 4,020 * 316.9/ 3253 = $2,757/yr

OCcredit = 50 855/0n * CF * 8766 * Macia * Cian/325

OCeredit = 50 * .65 * 8766 * 21.89 * 316.9 / 325.3 = $6,076¢3/yr

OCmarketing = 0.1 * OCereais = 0.1%6,076¢3 = $507.6¢3/yr

OCiul = OCoper + OCmuint-tabor + OCadmin + OCmain-maer + OCimsicenp

+ OCmaketing - OCcrodis

OCuomt = $336.5¢3 + $112.2¢3 + $134.6¢3 + $69.85¢3 + $2.757 + $607.6¢3 - $6,076¢3
OCoul = 1,264¢3 - $6,076¢3 = -$4,812¢3
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7 CLAUS PLANT MODEL

_ o 7.1  Nomenclature
AC Annual cost (MS$/yT)
Ciax Chemical Engineering Plant cost index for current year
Cidx,# Chemical Engineering Plant cost index for year #
Ct Capacity factor (fraction)
DC Direct capital cost (M$)
EC Electric power consumption (kW)
ICF Indirect charge factor (fraction)
iy, j Molar flow rate of component j at point # (Ibemole/hr)
My,; Mass flow rate of component j at point # (tons/hr)
P Price ($/ton)
TDC Direct capital cost (M$)
TCC Total capital cost (M$/yr)
n Efficiency (fraction)

Subcategories for Inlet Gas Components

CH4 Methane
CO2 Carbon dioxide
COos
H Hydrogen
H>0 Moisture
HaS Hydrogen Sulfide

o S2 Sulfur :
SO, Sulfur dioxide

General Subcategories

added *Added to inlet gas stream
claus Claus reduction system
credit Credit
in Entering Claus plant
pret Inlet gas pretreatment sysiem
) sulfur

7.2  Introduction

This chapter describes a Claus sulfur plant model originally developed by Frey (30). The
purpose of the Claus sulfur plant is to convest the off-gas from the regenerators in the copper
oxide and NOXSO processes into elemental sulfur (as an alternative to sulfuric acid recovery).
The ariginal JECM treated the sulfur recovery system in a somewhat simple fashion, consistent
with available studies then. The more detailed Clans sulfur plant performance and economic
modehnowdcvelopedwmbasedmadeﬁgnbyMﬁedemﬁml&rpmﬁmdwmcnwdby
Ratafia-Brown (32). The performance and cost information for this design was developed by
Mheddmnimlfmupnciﬁedpswmpodﬁommpmmpmmmdﬂowmnemw
0 Chemical design had a conversion efficiency of 95% and was based on an inlet gas composition

which consisted of CH4, CO2, H20 and 502. The current model has been modified t0
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accommodate additional inlet gases: COS, Ha, HaS and S». These additional gases change the
process methane requirement. A scheinatic diagram of the Claus sulfur plant is shown in Figure

7-1. '

Figure 7-1: Schematic Diagram of Claus Sulfur Plant
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7.3  Performance Model

A standard Claus plant asually processes a gas stream containing hydrogen sulfide, a portion
of which is combusted to form suifur dioxide. The hydrogen sulfide and sulfur dioxide are
converied to elemental sulfur via the Claus reaction. 0

2H3S + 507 —> 38 + 2H0



145

However, if the inlet gas does not contain hydrogen sulfide a portion of the SO2 in the inlet
gas must be reduced with natural gas to produce the required quantity of hydrogen sulfide. This
is accomplished via the following reaction:

2CH, + 3803 =—-> S + 2H3S + 2C05 + 2H20 .

Thus, some elemental sulfur is obtained via the reducing reaction, while the remainder is

obtained via the Claus reaction. The overall reaction is:
CHy + 2502 —> 28 + 2H20 + CO2

Thus, the required molar flow rate of methane is one-half the molar flow rate of sulfur
dioxide in the inlet gas. Since the inlet gas may contain COS, Hz and H3S, the methane
requirement is modified to account for the effects of these chemical compounds. Any Ha is
assumed to react with SO2 to produce HaS and H2O as shown in Equation (7.1). The COS
content of the inlet gas is very small and it is assumed that sufficient water is available to convert
COS into CO, and HsS as shown in Equation (7.2).

3Hj + 3502 —> H3S + 2807 + 2H0 (7.1)

COS + H20 -—> COa + HaS (72)

The methane requirement is based on & molar balance and the requirement that 2 moles of
hydrogen sulfide are needed for each mole of sulfur dioxide entering the Claus reactor. The
derivation of the methane requirement is shown below. In Equation (7.3), the &, b, ¢, d, ¢ and £
are the number of moles of SO, CHy, H2S, COS and Hy and x represents the additional methane
that must be added 1o the inlet gas.

2SOz + (b+x)CHg + cHjS +dCOS + dH0 +eHz ~> - (7.3)
(b+x+d)CO3 + (c+b+x+d+e/3)H2S + (b+x+23e)H20 + 0.5(b+x)S +(a-5.5(b+x)-¢/3)SOz
want the molar ratio of H2S to SO> equal 2.

HoS _ct+bex+d+e3 .9
SO, a-1.5(+x)-3/

solving for x yields
x =0.5a - b- 0.25¢c - 0.25d - 0.25¢
or expressing the methane requirernent with the symbols list in Figure 7-1.

thaddat CH, = 0. Sthin, $0, = Hin, CH, - 0. 25104, H,s - 0.25th4n, cos - 0.25tin 1,

The Allied Chemical sulfur recovery plant design includes a reduction stage using two
packed-bed, cyclic heat exchangers and & catalyst packed reactor. The gas siream then flows
through a twe-stage Claus plant, where sulfur is recovered for byproduct sale. Allied
recommended that the inlet gas have a very low water content prior to treatment in the sulfur
recovery plant. Therefore, gas cooling and water removal prior to the sulfur recovery plant is
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assumed in the design reported by Ratafia-Brown. This pretreatment system removes 91.2% of
the moisture in the inlet gas.

Most of the electricity is consumed in an inlet gas compressor and air blowers. The electric
power consumption is assumed to be proportional to the inlet molar flow rate. The constant of
proportionality for the electric power consumption is determined by dividing the power
consumption, 0.104 kW, by the inlet gas molar flow rate, 1063 mole/hr, reported in Reference
(32). The electricity consumption is determined with

8
=0.104 ,
EC 1,063 E Min,j

The amount of sulfur recovered by the process is estimated based on the total inlet sulfur
compounds and the sulfur recovery efficiency of the byproduct plant. This efficiency is
approximately 95 percent, so the total mass flow rate of byproduct sulfur is

Ms = (thin, 50, + tin,Hys + Min,00S + 2Min,s,) Ns %&?

7.4  Economic Model

The cost of the sulfur recovery system is estimated based on the direct cost of the sulfur plant
gas pretreatment equipment and the Allied Chemical SO2 Reduction and Claus plant system. The
cost of the pretreatment section is based on an “exponential scaling rule™ with the inlet gas flow
rate as the predictive parameter. The cost of Claus plants has been shown to scale with mass flow
rates using an exponent of approximately 0.7 in other studies. In Reference (32), the direct
capital cost of pretreatment was reported to be $903,000 in 1984 and the total inlet flow rate was
1,063 moles/hr. The direct capital cost of pretreatment is determined with

8 0.7
- thini | Cidx#
DG, = 0.903 (El 1,063) Ciax,1984

The cost of the Allied Chemical SO, Reduction and Claus plant system is scaled to the inlet
flow of gas to the reduction unit of the plant after gas treating. In Reference (32), the direct
capital cost of the reduction system was reparted to be $9,500,000 in 1984 and the inlet flow rate
was 637 moles/hr. The direct capital cost of the reduction system is determined with

8 . e . 0.7 .
DClmus = 9.53 LZ Bin.j 0‘913"’““"’) LY

e 637 Cidx,1984

The total direct cost is the sum of the above direct costs discussed. The total capital cost is
the sum of the total direct cost and the indirect costs. The indirect costs include general facilities,
engineering and home office fees and project and process contingency and are expressed as &
fraction of the total direct cost.



TDC=DC+DC

TCC = TDC (1 + ICF)

The annual costs of the sulfur recovery plant include methane and power consumption and
sulfur by-product credit. The annual costs for methane and power consumption are accounted for
in either the copper oxide or NOXSO process. The credit from the sale of the by-product sulfur
is:

ACS crodiy = 8766x10°6 Cy Ps Mg

The model does not include costs for catalyst replacement. A typical annual replacement cost is
only a few thousand dollars, negligible compared to the annual totals. However, the initial
catalyst charge is included in the capital costs.

147
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8 FROTH FLOTATION PROCESS MODEL

8.1 Nomenclature

A = Ash content coal (fraction)

AC = Annual operating cost (78$/dry ton of clean coal)

ck = Chemical cost for k™ level plant (78$/dry ton of clecned coal)

(& = Concentration of solids (fraction)

DC = Direct capital cost (78%)

DCC = Cost coefficient for cleaning equipment (78$/dry ton of raw coal)

ex = Electricity cost for ki level plant (78$/dry ton of cleaned coal)

Ed = Energy needed for thermal drier (Bu/lb of dry coal)

f = Weight fraction of coal (fraction)

HHV = Average higher heating value of coal (Btw/ib)

Kspecie = Rate constant of specie (min-1)

Ik = Labor cost for kill level plant (78$/dry ton of cleaned coal)

LHV . = Lower heating value of coal (Btw/1b)

m' = Total moisture content of coal (fraction)

mj' = Inherent moisture content of coal (fraction)

ms' = Surface moisture content of coal (fraction)

m = Dry mass flow rate of coal (tons/hr)

MIBC = MIBC consumption of froth flotation circuit (Ib/raw dry ton)

o) = #2 fuel oil consumption of froth flotation circuit (ib/raw dry ton)

Tspecie = Recovery of species (fraction)

Rspecie = Ultimate recovery constant of species (fraction)

S = Sulfur content of coal (fraction)

T = Residence time of flotation vessels (minutes)

v = Volume of flotation cells (fi3)

Vef = Effective volume of flotation equipment (fraction) )

w = Weight of water evaporated in thermal drier per pound of dry coal processed

(fraction)

w'e = Weight of water evaporated in thermal drier (tons/hr)

wk = Water cost for k™ level plant (78$/dry ton of cleaned coal)

Yd = Mass yield of the thermal drier (fraction)

Yp = Mass yield of coal cleaning plant excluding the thermal drier yield (fraction)

Yt = Mass yield of the entire coal cleaning plant (fraction)

Yod = Ratio of coal mass exiting wash streams to coal mass exiting plant (fraction)
Greek Letter Symbols

3 = Efficiency of thermal drier (fraction)

i = Equals 0 if wash stream i is not thermally dried and 1 if it is thermally dried.

Pe = density of coal (tvA3)

Pw = density of water (Ib/ft3)
Subscripts:

c = ¢clean coal exiting wash snums

d = thermal drier

i =(l)com.(2)medmmor(3)ﬁnemams

in = entering thermal drier

j = oil or MIBC
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kK = level of plant (2,34 or 5)

. = clean, thermal, raw, refuse, sample
0 = clean coal exiting plam
out = exiting thermal drier
ref = refuse coal
ROM = raw coal
species:
a = ash
afc = ash-free coal
5 = sulfur content

82 Imtroduction

This chapter describes the addition of a conventional froth flotation circuit into the coal
cleaning module of the IECM. The purpose of this modification is to includ¢"froth flotation as an
option to clean the fine coal stream. The original model (1) has three beneficiation levels (2, 3
and 4) in which different streams are washed by specific gravity equipment. Level 2 washes only
the coarse stream. Level 3 washes the coarse and medium streams. Level 4 washes the coarse,
medium and fine streams. The new modification adds a fifth level, which uses specific gravity
equipment to wash the coarse and medium streams and froth flotation equipment for the fine
stream. The spcciﬁcsizeﬁacﬁonsincachmmmspeciﬁedbymemodcluscr.Asbcfore.thc
mode] optimizes the yield of each circuit To achicve a target coal quality for the cleaned coal
product.

83  Process Description”

This section only briefly describes froth flotation of coal. For a more detailed descriptions of
the froth flotation process see References (37-41). Most coal cleaning processes use the
difference between the specific gravity of coal, ash and pyrite to separate the coal from the ash
and pyrite (40). Froth flotation, however, uses the difference between the adhesion of small air
bubbles to coal, ash and pyrite to achieve separation. Usually small air bubbles are passed
through a fine coal slurry stream. Air agtaches itself to coal and floats to the surface, where it is
removed. Since the air does not attach itself to the ash it remains in the slurry and is carried off.
Particles which stick to air bubbles are called hydrophobic, while those which are easily qued
are called hydrophilic.

Coal is inherently hydrophobic, but the degree of floatability depends on several parameters,
including particle size, pulp density, coal rank, extent of oxidation, quantity and type of
chemicals used, slurry pH, acration and agitation, retention time. Three theories which broadly
try to predict the floatability of coal are the carbon-hydrogen ratio theary, the carbon content
theory and the surface-components theory. All three theories have advantages and disadvantages
in preditting the floatability of coal. Yet, none of the theories predicts the quality and yield of
coal for a specific set of flotation parameters. Although they are not applicable for this model,
they can bensedtoesﬁmwthcperfmmmccofanewcmlﬁomadsﬁngﬂoambﬂitydm
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Figure 8-1: Coal Cleaning Plant with Froth Flotation of Fine Stream
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Usually chemicals, called frothers, are added to the coal slurry to prolong the life of the air
bubbles, which enhances the stability of the froth. MIBC (methyl isobutyl carbinol) is a common
frother used for coal froth flotation. Collectors increase the adhesion of air to coal and are needed
for highly oxidized or lower rank coals. A common collector used for froth flotation of coal is
fuel oil. Other chemicals can be added which perform a variety of functions. The most common
are depressing agerits, activating agents, pH regulators, dispersing agents and protective colloids.

Figure 8-1 shows the a process diagram for a conventional coal cleaning plant with froth
flotation for the fine size stream. Although it is widely used, the process is not understood as well
as specific gravity based beneficiation. Because less is known about froth flotation, it is difficult
to predict full scale performance from laboratory batch data. Although there are algorithms for
scaling up laboratory data (42), they have not been implemented in this model until they can be
further eveluated. It is also generally accepted that flotation washability data cannot be predicted
from specific gravity washability data (43, 44).

84  Froth Flotation Performance Model

A complete description of the conventional coal cleaning model is found in Reference (1).
This report only discusses the improvements that have been added. The model uses a Lagrange
multiplier technique to maximize the yield (mass or energy) for a given coal and plant
configuration. The algorithm needs discrete data points of the yield and coal quality at different
specific gravities for three wash streams (coarse, medium, fine). For froth flotation of the finesize
stream, the user can specify washability data in one of three different ways:

« Actual yield and quality data at different residence times .

«  Rate and ultimate recovery constants for ash-free yield, ash and sulfur content

« Mass yield and coal quality of the cleaned coal far the flotation circuit

For all three options the following information is also needed: )

¢ The quantity of MIBC and #2 fuel oil,

 Inlet slurry concentration

o Effective voiume of the cells

For option one, the froth flotation data is substituted for the conventional fine stream data and
the model optimizes the yield for all three streams as usual. Data in this form can be found in
Reference 9. But, this is batch data and has not been scaled to full size. The only difference is
that the residence time is determined instead of a specific gravity for the fine stream. The only
restriction currently is that the number of coal quality data points for froth flotation must equal
the number of specific gravity data points.

For the second option, the rate and ultimate recovery constants are used in the Klimpel model
(Equation 8.1) to predict the recovery of ash-free coal, ash and sulfur at different residences
times (42, 43):

5 nR;[l - il - X ] ®8.1)
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The total mass yield is equal to the sum of the ash-free coal and ash recovered (Equation 8.2).
The ash content of the cleaned coal is equal to the recovery of ash times the raw coal ash content
divided by the mass yield (Equation 8.3). The sulfur content of the cleaned coal is determined
similarly (Equation 8.4). The higher heating value is estimated by Equation 8.5.

Yo 3= (1- Aponp Ture + Apoaffe | (82)

p3

S

S5 = (8.4)

3

1-A
(%)

HHV_,=HHV_,, (‘1‘*&;‘;} (8.5)

The coal yield and quality in the froth circuit at different residence intervals can be
determined with Equations 8.2 - 8.5. The residence times intervals are determined by specifying
a maximum residence time and dividing by the number of specific gravity data points.19 This
data is then substituted into the fine size washability data and the model proceeds as usual.

For the third option, the yield and quality of the froth flotation circuit is specified at a given
residence time. This data is passed into the optimization algorithm, where the model optimizes
the mass yields of the coarse and medium streams to achieve the overall target coal quality.

For all three options, once the residence time is determined the total volume of the cells can
be determined from Equation 8.6:

20001
o R

The densities of water and coal are assumed to be 84 and 62 1b/ft3, respectively. The
effective volume, Vef, is used to account for the volume occupied by the air-ingestion equipment
and air bubbles.

(8.6)

8.5 Process Economics

The general coal cleaning plant economic model is based on several stndies (45-50) and is
described in Reference (1). All cost are computed in 1978 dollars then escalated to a curreat year
using a plant cost index. The same method is used to estimate the cost of the new level five plant

19 MmkammmoIdﬂanﬂehummoﬁnm&



with froth flotation. The capital cost is divided into five different sections: (1) raw coal handling,
(2) cleaning equipment, (3) thermal drying, (4) refuse handling and (5) coal sampling system.
The direct capital cost of each section other than the coal sampling system is related to its
characteristic mass flow and is assumed to have an economy of scale of 0.7 for plant sizes in the
range of 500 to 2000 clean tons per hour (tph) (46). Only the cost of the cleamng equipment
section is assumed to vary with different levels of coal cleaning. The capital cost related to clean
coal handling (which includes the cost of conveyors, storage and loading equipment) is included
in the raw coal handling cost since the cleaning plant is assumed to be at the mine site. It is
assumed that the cost of the coal sampling system does not vary with plant capacity. .

The economics of froth flotation depend on the residence time, chemical usage and process
yield. The direct capital for the cleamng equipment for a level 5 plant is estimated by Equation
8.7:

DClean = DCCs mpom®7 + 6780 v04 3.7,

where DCCs = 43,700

The first term of Equation 8.7 is the capital cost of the cleaning equipment excluding the
flotation cells. The second term is the capital cost of the flotation cells. The value for the first
term was obtained from Reference (46). It represents the average cost of cleaning equipment
excluding the flotation cells scaled to the raw coal mass flow rate. The direct capital cost for the
froth flotation equipment is scaled to the total volume of the vessels (46, 47). An cxponennal
scaling factor of 0.4 is used as the bes: fit to available data (46, 47).

The indirect and annualized capital costs are calculated as shown in Reference (1). The
operating and maintenance costs of a level five plant are calculated similarly to the other levels.
The cost factors for labor, maintenance, refuse and taxes are the same as a level four plant (46).
The cost factor for chemicals (excluding oil and MIBC), electricity and water are, respectively,
0.064, 0.15 and 0.0015 in 1978$/ton of raw coal (45). The amounts of MIBC and #2 fuel oil used
are input parameters in the model. Therefore, the cost per ton of cleaned coal is estimated by the
following equations:

0.0720 0,5
AC; = Y,
0.60 MIBC £ 5

ACvmc = Y

t
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9 SELECTIVE AGGLOMERATION PROCESS MODEL

9.1 Nomenclature

English Symbols

Aclean Ash content of the clean coal going to thermal drier (fraction)
Ar Ash content of the raw coal input (fraction)

Aref Ash content of the refuse coal (fraction) _

ACelect Annual cost of electricity ( § / dry ton of cleaned coal)

ACisbor Annual cost of labor ( $ / dry ton of cleaned coal)

ACagg Anmual cost of agglomerant ( $ / dry ton of cleaned coal)
ACmaimt Annual cost of maintenance ( $ / dry ton of cleaned coal)
ACpayovh .  Annual cost of payroll overheads ( $ / dry ton of cleaned coal)
ACplovh Annual cost of plant overheads ( $ / dry ton of cleaned coal)
ACuax Annual cost of taxes, insurance, etc ( $ / dry ton of cleaned coal)
ACwaste Annual cost of waste disposal ( $ / dry ton of cleaned coal)
ACwater Annual cost of water ( $ / dry ton of cleaned coal)

c Cost of agglomerant used ($/Ib agglomerant)

Cidx Chemical engineering cost index

Cidx, 1984 Chemical engineering cost indzx for 1984 for current year

Csol Degree of agglomerant solubility in water (fraction)

Ceapital Total capital cost ($ /dry ton of cleaned coal)

Coperating Total operating cost ($ /dry ton of cleaned coal)

Ce Cost of raw coal ($ /dry ton of raw coal)

Cref Cost of refuse coal ($ /dry ton of cleaned coal)

Ciotal Total cost of clean coal ($ /dry ton of cleaned coal)

CRF Capital Recovery factor (dimensionless)

d Real discount rate for capital cost (fraction)

DC Direct capital cost ($)

DCaggequip  Direct capital cost of the sclective agglomeration plant equipment ($)
DCaggrec Direct capital cost of agglomerant recovery equipment ($)

DC, Direct capital cost of the refus: handling ($)

DCres Direct capital cost of the refuse handling ($)

DCihermal Direct capital cost of thermal drying system ($)

e . Cost of electricity ($/dry ton of raw coal)

Edrier Energy needed for thermal drier (Btu)

h Annual operating hours of coal cleaning plant (hre/yr)

HHV, Higher heating value of raw coal (Btw/lb dry coal)

HHV¢jean Higher heating value of raw coal (Buw/lb dry coal)

i Nominal interest rate (fraction)

1 Labor cost ($/hr)

LHV Lower heating value of cleaned coal (Btw/1b dry coal)

Mgry Dry mass flow rate of clean coal entering the thermal drier (tons/hr)
Mevapwater Mass flow rate of water evaporated in thermal drier (tons/h)
Mevapwater  Weight of water evaporated in thermal drier per pound of <.zan coal (fraction)
Minmois’ Moisture content of clean coal entering thermal drier (fraction)
Maggclean Mass flow rate of agglomerant entering the evaporator systezn (tons/hr)

MagglosuocatmiotMass flow rate of total agglomerant lost to the atmosphere (tons/hr)
Magglostowater Mass flow rate of agglomerant lost to water (tons/hr)
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Maggiostiosolid Mass flow rate of agglomerant lost to solid(ions/hr)

Mgggnew Mass flow rate of new agglomerant (tons/hr)

Magyrec Mass flow rate of recovered agglomerant (tons/hr)

Maggtocal Mass flow rate of recovered agglomerant mixed with raw coal (tons/hr)
mo Dry mass flow rate of clean coal leaving the plant (tons/hr)

Moutmuis’ Moisture content of clean coal leaving thermal drier (fraction)

my Dry mass flow rate of raw coal input (tons/hr)

Mpef Dry mass flow rate of refused coal (tons/hr)

Migtagm Total mass flow rate of steam required for stripping system (tons/hr)
Mwager Total mass flow rate of cooling water required for stripping system (tons/hr)
™y Cost of maintenance (fraction)

n Life of coal cleaning plant (years)

P Infiation rate (fraction)

PSclean Pyﬁﬁcnﬂﬁummechmwdmavedmmenwmn(%)

r Cost of refuse coal disposal ($/wet ton)

R Rmﬁoofdzymmugglunmwdrymofnwwal(dimusimnm)
8 Cost of steam ($/1000 tons)

t Annual rate of taxes and insurance costs for plant (fraction)

TCC Total capital cost ($)

TDC ‘Total direct capital cost

w Cost of water ($/1000 tons)

W Water Joss in the process (tons/hr)

We Working capital ($/dry of clean coal)

Yelean . Mmyieldofdmcoﬂgoingtoﬂwﬂmmﬂdﬁer(ﬁawm)

Y drier Thermal drier mass yield (fraction)

Yo - Mass yieM of entire coal cleaning plant (fraction)

' Greek letter gymbols

€ Efficiency of thermal drier (fraction)

92 Introduction

This chapter presents new performance and economic models simulating the operation of a
coal beneficiation plant using the selective aggiomeration process. The primary function of this
modelistoesﬁmmtheeostandabimyoﬂhcpmccssmmmovethcpyﬁﬁcmlfmmdashw
help meet power plant emission standards. This section prescats a brief overview of the selective
agglomeration process, a description of the economic algorithms and an assessment of this
process’ ability to reduce sulfur dioxide emissions of coal fired power plants. Performance
modsls are based on bench-scale tests on 2 one ton per hour (iph) Proof-of-Concept (POC) unit
performed by Bechtel for the U.S Department of Energy, Pittsburgh Energy Technology Center
under Contract No. DE-AC-22-84PC79867 (51). An assessmment of capital investment and
operating costs for a selective agglomeration pmr,csswithplantﬁzeofSOOtphpmposedby
Bmmmmwmﬁmkvﬂapwdmwopingmmmﬁcnmdd(ﬁ).

In selective coalescence (also known as selective agglomeration), an agglomerating liquid
such as chlorofluorocsrbons (e.g., Freon 113) or hydrocarbons (¢.g., n-pentane and n-heptane) is
wnmdﬂhmnﬁu%mmmmﬁmﬁ&fedmlmwdpm;gﬂm
mnlngcﬂmmmemmmphm.mrdwﬂmmwﬁduwhichrmﬁndkpmad
inthuquwusphascmrhmwpuamdbymmingtbcﬂm
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93  Process Description

A conceptual flow scheme for a selective agglomeration process is shown in Figure 9-1. This
design is adopted from the Bechtel 1tph proof of concept selective agglomeration process and
forms the basis for the economic model discussed below. The coal feed capacity of this design is
300 tons per hour. The process comprises three steps: raw coal particle size reduction near 15
microns, agglomeration and separation of the product coal from mineral matter which remains
dispersed in the aqueous phase and recovery of the agglomerating agent for recycling in the
Pprocess.

Figure 9-1: Schematic Diagram of Selective Agglomeration Process
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— stream
R v ‘wmm agg) agglomeran
mixture onater sean
Couditioning
Tank
tailing ash slurvy

9.3.1 Grinding Operation ‘

The first step includes the grinding operation where the feed is ground to an exiremely fine
size to render most of the coal and the impurities (and pyritic minerals) into discrete particles.
Unlike heavy liquid cyclones, the selective agglomeration process can treat coal-water slurries.
Therefore, pre-drying of the coal is not necessary. In grinding the raw coal particles o 15
" microns, a stirred ball mill &lso can be used.

Grinding is an important step since, depending on the method of grinding, the surface
properties of pyrites will change. This will have very important implications on the sulfur
removal potential of the process.

93.2 Agglomeration and Separation

In he second step, slorry is intensely mixed with a bydrocarbon bridging agent
(agglomerant) for example normal heptane or normal pentanc. Under these conditions the
agglomerant selectively wets and agglomerates the coal under high shear for 1 to 4 minutes. The

e
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coal forms small spherical aggiomerates, while the mineral matter remains dispersed in the
aqueous phase and thus is rejected as tailings. The agglomerates approximately 50-100 mesh size
are grown to larger sizes by adding a solution to the binder material, typically asphalt dissolved
in agglomerant. Mixing is continued under less severe conditions to allow the agglomerates to
grow 2-3 mm in size. The ash-laden water is then drained or screened from the agglomerates.
The agglomerant is then recovered for reuse by steam stripping. The residual asphalt serves to
maintain the physical stability of the agglomerates, easing their dewatering, storage and
bandling.

%esewndmcppmwwuldbeopauednnduasﬁghtnegaﬁvcmmwmepmoess
equipment could be vented to a vapor collection system.

Table 9-1: Properties of n-heptane and n-pentane (52)

Heat of
Boiling Density Vaporizaton  Viscosity
Liquid Point, °C gm/cm3 cal/gm cp
n-heptane 68.4 0.684 76.5 0.40
(CH,9
n-pentane 36.1 0.626 . 91.6 0.21
(CsHyp)

Table 9-1 compares the properties of n-heptane and n-peatane. Compared to n-heptane, n-
pentane is a highly volatile liquid. It has a low boiling point (36.1C or 97F) and high vapor
pressure (at 30C, 670mm Hg). n-pentane is highly flammable. The lower and upper limits of
flammability for n-pentane in air are 1.40 and 7.80 percentage (by volume) respectively. The
design of the plant controls excessive n-peatine losses due to vaporizatior.

The limit for human exposure to n-pentane contaminated air is 500 ppm (52). To avoid
human exposure to n-pentane, the equipment in the system should be air tight, the piping should
be leak proof.

The n-pentane based plant required a refrigeration system to provide cooling water during hot
weather (ambient greater than 25C or 77F). No such refrigeration system was reguired for n-
heptane (boiling point 98.4C) based plant (52). The only difference between n-pentanc and n-
hepmnchasedphmswasthcabsmcﬁamﬁigmﬂmwmindwn-pwmc based plant.

933 Solvent Recovery and Refuse Thickening

The product coal-agglomerani-water mixture ig fed to az evaporator, where slmost all the
agglomunmiscvapmwd.‘rhcagglomamvapmmowledin a heat exchanger. Vapors that
are not condensed are compressed by a compressor. The resulting liquid is circulated to the
omdiﬁmingmk.mcpmdumomlmymuﬁmcuso:o 100 ppm of the agglomerant.
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The product coal can be obtained as 2 somewhat dry product containing 10% moisture or as a
pulp containing 40% water. This will depend on the type of evaporator used to vaporize the
agglomerant.

The mineral matter-water siurry contains very small amount of agglomerant (50 to 100 ppm).
This slurry is thickened in a static thickener and the clarified water is recirculated to the circuit
and the refuse is sent to the refuse disposal circuit.

94  Performance Model

The selective agglomeration process was evaluated by Bechtel for three coals. They arc
Pintsburgh No.8, Illinois No.6 and Upper Freeport seams. The average ROM coal characteristics
for these coals are shown in Table 9-2. Using Bechtel's 1tph POC, the average clean coal
performance for coal plants of 300 tph (dry) coal feed is estimated and shown in Table 9-2.

It was not possible to develop 2 generalized algorithm which would determine the quality and
yield of the clean coal based on the experimental data. Therefore, the model uses experimental
data of the cleaned coals quality (i.e. ash and sulfur content) and mass yield directly to determine
the cost of the cleaned coal. The input parameters for the performance and economic models are:

*  Ash, sulfur, inherent moisture and surface moisture contents of raw coal

*  Higher heating value of raw coal '

* Ash, sulfur, surface moisture of cleaned coal

*  Mass yield of process

* Moisture content entering thermal drier

¢ Mass ratio of agglomerant to dry raw coal

* Solubility of agglomerant in water

» Efficiency of thermal drier

« Cost of agglomerant in dollars per ton

As noted abowve, the basic performance parameters characterizing the change in coal qua’i~v
are deterrnined from experimental data for a particular coal. Because data for the select:
agglomeration process are currently limited, only three coals are represented here.

If the higher heating value of the clean coal is not provided then the following algorithm is
used

HHVciean = (HHV)r [1-Aclean)11-Araw)

Estimates of plant operating and capital costs typically are scaled to various mass flow rates
within the coal cleaning plant. Those developed below are the rate of raw ceal and agglomerant
into the plant, the rate of dry and wet refuse coal out of the plant, the rate of agglomerant
recovered and lost from the plant, the rate steam and water required for stripping the agglomerant
and the rate of water evaporated in the thermal drier. The process flow scheme with respective
mass flows shown in Figure 9-2.




Table 9-2: Feed Coal and Clean Coal Quality(1)

Performance Parameter Pittsburgh No.8  Illinois No.6 Upper Freeport

ROM coal Quality
Ash % 39.16 15.71 5731
Sulfur % 4.71 4,54 2.11
Pyritic sulfur % 3.39 2.46 1.93
Organic sulfur % 1.24 2.03 0.16
Sulfate sulfur, % 0.08 0.05 0.03
Heating Value (Btw/1b) 8,528 11,837 5,947

Performance (ROM basis)*
% Yield : 56.5 72.5 39.5
% Ashremoval 93.3 81.1 94.6
% Ash reduction 92.8 T1.6 94.3
% Sulfur removal 59.5 51.3 70.4

‘ % SO, reduction 56.9 L 42.3 68.9

% Pyritic sulfur removal 82.3 . 79.1 82.6
% Pyritic sulfur reduction 79.0 78.1 ) 753
% Bw Recovery 92.2 84.8 91.3

mwmnaﬁmmaROMMsfummmmmmmwﬁﬁcmﬁmmdwﬁmm
based on analytical values for ROM coal for the feed and those of clean coal agglomerates for the
individual tests. The ROM basis energy (Biu) recovery is calculated as follows:

ROMhﬁsermvuy.%-(chh—mhde‘slnmmnm , %) x Bl
m,%t«mmumwmmﬁlmmm test)

The amount of agglomerant dosage needed for this process is obtained from experiments.
'I'hcratioofmassofagglommmwthemymassofmwcoalisdmotedbyk.m

Rmr‘lW*W]"w
R = 1 to 2 or up are recommended for Pittsburgh No.8, Illinois No.6 and Upper Freeport (52).
Mamountofmmandwoﬁngwwmmcmlsﬁppingsymiscﬂcuhwdby

Mggean = 0.127 ( Maggnew + Maggrec ) = 0.127 Meggiotl
0 water = 6.061 ( Mgggnew + Maggrec ) w 5.061 Meggeal
Details of the czlculation can be found later in the numerical example section.
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Not all the agglomerant will be recovered. Depending on the degree of solubility of
agglomerant in water, some will be lost to the water. The amount of agglomerant that is lost to
the water is estimated to be O

Mygglosaowater = Csol X W
where W is the total water loss in the process.

Figure 9-2: Schematic Diagram of Selective Agglomeration Process with Flow Rates
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Besides the loss of agglomerant to the water in the stripping system, some agglomerant is
also lost to the atmosphere. To find the agglomerant that is lost to the atmosphere, we have to
consider all components of the subcircuits. The formula obtained is shown below:

Myagglostoatmiot ™ 3 X 104 my
The agglomerant is also lost with the solids. To find the agglomerant lost with the clean coal
and the refuse, we have assumed the following formula:

Mggglostiosolid = 5 X 104 Wy
Therefore, the new or makeup agglomerant is

Migggnew = Magglosttowater + Wagglostonimiot + Maggiosttosolid
Normally, it is necessary to thermally dry the fine sizes of coal-hot water slurry. It is assumed
that product coal is used to fire the thermal drier, thus reducing the overall plant yield. It is also
assumed that drying alters only the coal moisture content, with all the other coal properties
(measured on a dry basis) remain the same. Since the moisture content of coal entering and
leaving the thermal drier is specified, the weight of the water evaporated per pound of precleaned
coal into the thermal drier is (1): '

Mevapwater’ ™ Minmois’ - Moutmois’ / [ (1 - Minmais’) (1 - Moumois’) ]
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The amount of energy needed to evaporate this water is
Eq = 1020 mevapwater' /€
The lower heating value can be approximated by
LHV = 0.96 HHV clean - [ 1020 moymois’ / ( 1 - Moutmeis’ ) ]
Therefore, the drier yield and total plant yield are given by
Yarier=1-Eq/LHV
and

Yiowal = YcleanYdrier
The weight of water evaporated is

Mevapwater = Mevapwater' | Mary / Ydrier )
Once the drier is determined, the dry mass flow rates for the raw coal stream, refuse stream
and drier stream can be calculated by the following equations:

my = mo / Yiotal
Mdry = Mo / Ydrier
yef = My ~ Mry
The water loss in the coal cleaning plant is
W =mdry [ (1/(1 - minmois")) -1] +mref [ (1/RC)-1]

95  Economic Model

The total cast in dollars per ton of dry cleaned coal can be divided into four separate costs
categories.

» cost of raw coal

« cost of rejected coal

» annual operating and maintenance costs

o annualized capital costs

The cost of raw coal is aninputparamctu.'rhecostofthcmﬁ;sccoalisafuncﬁon of the
plant yield and can be calculated from ~

Cret= Ce [(1/Yioa1 ) - 1} ©.1)

95.1 Capital Cost

The capital cost is divided into five different sections: raw coal handling, selective
agglomeration process equipment, agglomerant handling, refuse handling and thermal driers. The
capital costs related to clean coal storage is included in the raw coal cost, since the voal cleaning
equipment is assumed to be at the mine site. This include the cost for conveyors, storage and
loading equipment.The raw coal cost also includes the cost of grinding the ROM feed coal. The
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| dxrectcapxtal cost for refuse handling includes refuse sump and explosxonpmofpump The direct
capital cost is determined by these equations:

DCr=$ 91,963 my®7 x Cigx / Cidx 1984 92)
DCaggequip = $10,521m;%7 x Ciax / Cidx,1984 9.3)
DCaggrec = $ 102,005 m:%7 x Cig/Ciax, 1984

=$ 102,005 x [ (maggncw*nhggnc)/R]oﬂme,‘l%lm

= $ 102,005 R 0-/(mygpnew + maggrec )07 x Cidx/Ciax, 1984 (9.4)
DCref= $19,100 myef0-7 x Cigx/Cidx, 1984 .5
DCeoalsampling = $324,000 x Cidx/Cidx, 1984 (9.6)
DCarier = $153, 000 mevapwates™” x Ciax/Cidx, 1984 ©.7)

The direct capital cost for the selective agglomeration subcircuit equipment covers the cost
for the 18,000 gallon conditioning tank with a carbon steel agitator of 100 horsepower, explosion
proof feed pump, 12,000 gallon high shear mixer with stainless steel agitator of 400 horsepower,
enclosed sieve bend and a stainless steel horizontal-tube evaporator. The direct cost for
agglomerant recovery subcircuit equipment consists of the costs for 12,000 and 500 gallon
weathered carbon steel tanks, explosion proof pumps, adsorpnon tower, blower, sump and 8900
ton refrigeration system.

The total direct capital cost is found by adding Equation (9.2) through (9.7)

TDC = DCr + DCaggequip + DCaggrec + DCret + DCrier + DCooal sampling |
The indirect capital and contingencies costs are estimated to be 54% of the direct capital cost.
Therefore, the total capital cost, which is depreciated over the life of the plant is

TCC=1.54 TDC
The total capital cost is annualized as follows:
de[(1+i)/(1+p)-1]
Where i is the interest rate and p is the inflation rate. Therefore, capital recover factor is
CRF=d/[1-(1+d)®]
Working capital is estimated t0 be 25% of the labor, maintenance, electricity, water, waste
disposal and chemical(agglomerant) costs as in the conventional plant model described in
Chapter 2.
W = 0.25 ( AChbor + ACmaint + ACeloct + ACwater + ACwaste + ACqgg )
As in Chapter 2, the capital cost in ($ per dry ton of cleaned coal) is
Ceapinal = dWe + [ (TCCx CRF) /(mox h) ] 9.8)



952 Operating and Maintenance Cost
" The annual operating and maintenance costs comprise several cost elemeats, including labor,
maintenance, raw material and waste disposal costs, also taxes, insurance and general
administrative overhead. The operating and maintenance cost is broken down into the
components shown in Table 9-3. The total annual cost of agglomerant in $/ton of clean coal is
then estimated to be: :
ACygg = Ctgggnew / mo

The cost of labor is estimated to be dependent of plant size. Maintenance costs, taxes and
insurance are estimated to be propartional to the total capital cost of the plant. The cost of
electricity is linked to the mass flow rate of the coal entering the plant, while the cost of waste -
disposal is proportional to the quantity of coal rejected. The cost for water is proportional to the
amount of water in the clean coal and refuse streams. Overhead costs are based on labor,
maintenance and agglomerant costs. The equations for these costs are:

ACelect=¢/ Yot * Cidx / Cidx,1980

AC)abor =1/m * Cigx / Cidx,1980
ACmaing=[mt. TCC]/[moh]
Aprwh=0.30AChbur

ACpitovh = 0.26 [ ACisbort ACmainr+ ACagg ]
ACsicam = Stgeam / Yuot * Cidx / Cidx 1980
ACux=[tTCC]/[moh]
ACwmf[rmref]/moRC'Cidx/Cidx.lm

ACwater = [ w240 W ]/ mo * Cigx / Cidx,1980
where ¢, |, m, r and w are taken from Table 9-3. Adding the above equations yields and
converting to a base year yield

Coperating = (ACagg + ACelect + ACiabor + ACmsint + ACpayovh + ACpliovh

+ ACux + ACwaste + ACwater ) 9.9)
The total cost for cleaned coal is found by adding Equations (9.1), (9.8), (9.9) and the raw coal
cost

Ciotal = Cr + Cref + Coperating *+ Capinal
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Table 9-3; Operating Cost Factors (1980 §) o

——

Variable Cost Elements Symbol Definition Value
Electricity ¢ ($/raw ton) 1.560
Labor 1 ($/hr) 268.000
Maintenance mt (fraction) 0.045
Refuse Disposal r ($/wet ton) 1200
Taxes t (fraction) 0.040
Water w ($/1000 gallon) 0.180
Agglomerant "¢ ($/1b) 0.800

9.6 Ilustrative Example

Here we present a numerical example to illustrate the model calculations. The following

assumptions are made:
Coal type = Illinois #6
Size = 9.8microns20
Agglomerant = n-pentane
R = 1.30
p = 0.06
i = 0.13
n = 25
Cidx, 1984 = 261.5
- Csol = 1%
mo = 500 tons/hr
h = 5500 hrs/yr
9.6.1 Performance Model
. Clean coal characteristics:
% Aclean = 352
%S = 246
%Y clean = 72.5
HHVciean = 11.837 x {1-0.0352]) N1 - 0.1571}
- 13,549
Mouimois’ = 0.05

20 Ppregse refer w0 Table 9-2.
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0.24 . Then, the weight of water evaporated per pound of dry into

thermal coal drier: |
Mevapwater’ = [minmois’ ~ Moutmais’] / [ ( 1 - Minmeis’ ) ( 1 - Moumais” ) ]
= 024-0.05/[(1-024)(1-0.05)] '
= 026
The amount of energy needed to evaporate this water is
Eq = 1020 mevapwater’ / €
| = [1020x026)/0.55 = 482.2 Bu/lb
The lower heating value:

LHV = 0.96 HHV ciean - [ (1020 moumois’ ) / (1 - Moumois’ ) ]
= 0.96x 13,549-[(1020x0.05)/(1-0.05)]
= 12,953 Bw/1b

The drier yield:

Ydrier = 1-Eq/LHV
= 1-(4822/12,953)
= 0.963

The plant yield:

Yiowml = Yclean Y drier
= 0.725 x 0.963
= 0.698

The weight of water evaporated:

Mevapwaler = Mo [ mevapwater” / Yarier }
= 500 x (0.26/0:963 )
= 135.0 tons/hr

Dry mass flow rate of raw coal input:

my ‘ = mo / Yiotal
= 500/ 0.698
= 716.3 tph

Mass flow rate of n-pentane input (dry basis)

Mgggnew -+ Maggrec = 1.3 my
= 13x716.3
= 9312 tph

Dry mass flow rate of cleaned coal entering the thermal drier:

Mdry = mo / Ydrier
= 500/ 0.963
= 519.2 tph

Dry mass flow rate of refuse coal:

iref = iy - Mdry
= 7163 - 519.2
= 197.1 ph

Water loss in the coal cleaning plant:
\ = tgry [ (1/(1 - Minmois*)) -1] + meeg [ (1/RC) - 1]



Yo, = S192[(1/(1-0.24))-11+197.1[(1/0.359-1]
= 530.0 tph
Mass flow rate of agglomerant lost to water ‘
Magglosttowater = Coax W
= 0.01 x 530.0
= 5.30 tph
Mass flow rate of agglomerant lost to atmosphere
Mggglostiostm ™ 0.0003 x my
= 0.0003 x 716.3 |
. . = 0.21 tph r
Mass flow rate of agglomerant lost with refuse
Magglosttosolid = 0.0005 x my
= 0.0005 x 716.3
= 0.35 ph
Mass flow rate of new agglomerant makeup
Maggnew = '5.30 +0.21 +0.35
= 5.87 tph

9.6.2 Economic Model

d = [(1+i)/(1+p)-1]
[(1+0.13)/(1+0.06)-1]
0.066 .
0.066/[1-(1+0.066) 5]
0.083

Capital Cost:
DC; $91,963 m07 x [ Ciax / Cidx,1984]

$91,963 x (716.3)0-7 x [216.5 / 216.5]

$9,165,995

$10,521 m;0-7 x [ Cigx / Cidx,1984 ]

$10,521 x 716.3 0-7 x [ 216.5/216.5)

$1,048,633

$102,005 m %7 x [ Ciax / Ciax 1984 ]

$ 102,005 x 7163 0:7 x [ 216.5/216.5)

$10, 166,885

$19,100 myref®7 x [ Cigx / Cidx 1984 1

$19,100 x 197 0.7 x [ 216.5/216.5]

$771,461

$153,000 mevapwaterl:” x [ Cidx / Citz, 1984 ]

$153,000x 135.0 97 x [ 216.5/216.5]

$4,741,602

DCeoslsampling = $324,000 x [ Ciax / Cidx,1984 ] 0
324,000x[216.5/2165) = $ 387,230

DCaggequip

DCres

# R 0 B F A ® A 0 6 8B 0 0 0 A



TCC

Annual Cost
ACyg

ACelect

ACiabor

ACmgint

ACpayovh

ACplovh

ACyy

ACyasie

ACwater

neann

Working Capital
We

Cleaning Cost is then:

(&
Cret

167

$9,165,995 + $1,048,633 + $10, 166,885 + $771,461 +
$4,741,602 + §$ 387, 230

$26,281,806

1.54 x TDC

1.54 x $26,281,806

$40,473,982

[c X[ maggicstiowaser+Magglosuoatmtor+Magglostiosolid 1 ] / mo
(0.8 x 5.87) / 500

$0.0094/ton |

e/ Yior [ Cidx/Cidx,1980)

1.56 / 0.698 [ 261.5/218.8)

$2.67/ton

1/m o [ Ciax/Cigx,1980 ]

268 / 500 [ 261.5/218.8)

$0.65/ton

[mt TCC)/[moh]

[ 0.045 x $40,473,982 ] /[ 500 x 5500
$0.66/ton

0.30 ACisbor

0.30 x $0.65

$020/ton .

026 [ ACubor+ ACmainct ACagg ]

0.26 ( $0.65 + $0.66 + $0.0054 )
$0.34/ton

[tTCC)/[moh]

[ 0.04 x $40,473,982] /[ 500 x 5500 ]
$0.59/ton

[ r mrer 1/ mo RC* Cidx/Cidx, 1980
[12x197]/[500x0.35] - 261.5/218.8
$1.61/0n

[ w240 W]/ my* Cian/Cigx,1980
(0.18/1000) x 240 x 521.7/500 x 261.5/218.8
$0.055/w0n

0.25 (Acm+Acmm+Ade+ACwma*ACwm+Acagg)
0.25 ( $0.65 + $0.66 + $2.67 + $0.055 + $1.51+ $0.0094)
$1.41%0n

$28.60/ton (sce Table 9-4)
G (1 Yo ) - 1]

-$28.60 [ (1/0.709) - 1]

LI
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= $11.74/10n
Coperating = (ACagg + ACelect + ACiabor + ACmaint + ACpayovh + ACplovh +
ACuax + ACuase + ACwaser )
($0.0094 + $2.67 + $0.65 + $0.66 + $0.20 + $0.34 + $0.50+
$1.61 + $0.055)
$6.78/ton
dWe+ [ (TCCxCRF)/(mgxh)]
[0.066 x $1.41] + [ ( $40,473,982 x 0.083 ) / ( 500 x 5500 ) ]
$1.31/ton
Cr + Cret + Coperating + Ceapial
$25.00 + $10.82 + $6.78 + $1.31
= $43.91/ton
Tables 9-4, 9-5 and 9-6 summarize the resylts of the case study and present similar results for
two additional coals: Pittsburgh #8 and Upper Freeport. The results for these three coals also
summarized graphically in Figures 9-3 and 9-4. :

Ceapital

Cioml

Table 9-4: Components of Cleaning Cost (1984$ / dry ton of clean coal)

bl e ol

|
|
|

Components Illinois #6 Piusburgh Upper Freepart
Raw" 28.60 21.80 ' 13.60
Capital 131 1.55 © 197
O&M 6.78 8.95 12.84
Refuse ‘ 11.74 18.27 22.16
Total 48.43 50.57 50.57

* The raw coal price is 2 model input parameter. The base prices assumed were taken from the (1986) repost.
However, since two of the coals reported by Bechtel had extraordinarily high ash contents (see Tsble 9-2),
the base prices were adjusted for the higher ash levels. For example, the Pittsburgh coal price is assumed o
be 332.49/ton with an ash content of 9.30%. However, at 39.16% ash the price is:

1-03916
3249 o093 ™ $21.80/0n.

Base prices for Illinois #6 and Lower Freeport are $26.91/ton (20.70% ash) and $28.29/ton (11.20% ash)
respectively.




Table 9-5: BreakdownofOpmﬁpgandMaintenmCom(l984$/dlytonofdcanwal)

Component Illinois #6 Pinsburgh Upper Freeport
Heavy Liquid 0.0054 0.0157 0.028
Electricity 2.67 3.43 411
Labor 0.65 ' 0.65 0.65
Maintenance 0.66 0.77 0.97
Payroll Overhead  0.20 020 020
Plant Overhead 0.34 0.37 043
Taxes & Insurance 0.59 0.69 0.85
Waste Disposal 1.61 2.74 5.46
Water 0.055 0.08 0.14

Table 9-6: Breakdown of Capitel Cost ( Million 19845 )

0 ‘ Component " Dlinois #6 " Pitsburgh Upper Freepart
Raw Coal Processing 9.166 10.905 14.030
Sel. Agg. Cleaning Equip. 1.049 1.248 1.605
Sel. Agg. Recovery Equip.  10.167 12.104 15562
Refuse Coal 0.771 1.266 2,051
Thermal Drier 4.741 4.741 4.741

Coal Sampling Equipment 0.387 0.387 0.387

L ‘|wﬂ"ﬂ "W "oy, , \mw‘m cogoeo Sl e e LIRS N IR Tl
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Figure 9-3: Components of Total Coal Cost (1984$/dry ton of cleaned coal)
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97  Sensitivity Analysis

Tests to identify the key design and operating parameters for the selective agglomeration
process were conducted by Bechtel in its 1 tph POC bench scale test(51). Among the variables
examined were: ,
coal grind (to determine the minimum size of coal input that produces greater yield)
pulp density
effects of oxidation and aging
speed of reactors
agglomerant dosage (in high shear reactor)

6. asphalt dosage (in low shear reactor)

Itisassumedthmckeydesignmdopanﬁngpmmemidmdﬁedinthesemwmalso
be the key dasignmddpmﬁngpmmcw!waselecﬁveaggloma'aﬁonfwaBOOtphwalfm
The results of the tests were as follows.

9.7.1 Coal Grind
Pistsburgh No. 8

The tests yielded clean coal with ash contents between 3.4% and 5.4%, while the sulfur
dioxide emission potential per million B of the ROM coal was reduced by 48 to 56 percent.
This means a reduction in pyritic sulfur between 67 and 77 percent. Interestingly, in all the tests
more than 90% Btu recovery in the clean coal was obtained.

T TR S

able 9.7: Bechtel Test Results on Pitsburgh #8 Coal (51)
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Typical Mean Swd. Dev.

Agglomerated Clean Coal:-
Test No. 1-12-B P-10-B 23 tests
Grind Size (microns) 3,70 12.10 12.10 ND
% Ash 3.30 4.80 493 0.19
% Total Sulfur 3.48 3.61 . 378 0.11
Heating Value (Bw/lb) 14251 14014 14003 48
ROM Performance:-
% Energy Recovery 92.90 92.70 92.30 0.80
% Ash Redoction 95.00 92.50 92.30 030
% Sulfur Reduction 58.70 56.50 54.60 150
% SOz Redoction 55.60 53.20 51.00 150

% Pyritic Sulfur Red. 71.30 73.90 70.80 220
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Better ash reduction was obtained from finer particle. size (see Table 9-7). When the particle
size was reduced from 12.4 microns to 3.7 microns (50% passing), the clean coal ash was
lowered from 4.8 to 3.3 percent at the same high energy recovery. The reduction in the sulfur 0
content was less pronounced, however, due to the high organic sulfur content of this coal. Clean
coal sulfur content was only reduced from 3.6% to 3.5%. The comparative results are shown in
Table 9-7.

The mean values of several tests with different process conditions, all at a grind size of 12.1
microns are also shown in Table 9-7. These are compared to results obtained with rednced size
feed. The small standard deviations of results at the same grind size despite variations in process
conditions are taken as indications that none of the variables other than the size of the grind
affected process performance to any significant degree.

Illinois No .6 -

The tests yielded clean coal with ash reductions between 78% and 84%. The ROM sulfur
dioxide reduction varied between 46% and 54%. The ROM pyritic sulfur was reduced to about
90 percent.

Table 9-8: Bechtel Test Results on Ilinois #6 Coal (51)

Fine Grind Coarse Grind:
o Typical Mean Std. Dev.

Agglomerated Clean Coal:-
Test No. ' 1-9-A 1-9-A 18 tests
Grind Size (microns) 3.7 9.8 9.8 ND
% Ash 29 35 37 0.27
% Total Sulfur 2.56 2.75 272 0.09
Heating Value (Br/b) 13857 13780 13744 38
ROM Performance:-
% Energy Recovery 84.90 84.60 84.60 030
% Ash Reduction 84.20 80.90 79.70 1.50
% Sulfur Reduction 59.70 56.50 56.80 1.50
% SQO2 Reduction 51.80 48.00 43.30 1.70
% Pyritic Sulfur Red. 95.60 88.50 £9.20 320

The effects of grind size on performance with Illinois Ne. 6 coal are shown in Table 0.8,
Pinergrindingto3.7micrms.fmm9.8miaw(SOpawnpnssing)mﬂwdinhnpmemtin ‘
the clean coal ash and sulfur contents. The mean values of 18 tests with different process
wndiﬁons,nﬂumyindsinoﬂﬂmimmddxﬁrmmlmﬂdevhﬁmmnlsoshownin'rable



9-8. These are compared to results obtained with reduced size feed. The minimal standard

deviations of results at the same grind size, despite variations in process conditions, are taken &s
indications that none of the variables other than the size of the grind affected process
performance to any significant degree. .
.Upper Freeport Coal

“The results showed that the coal could be cleaned with ROM energy recoveries between 89%
and 92% and the clean coal ash could be reduced to between 9.0% and 6.1%. Very fine grinding
to 2.9 microns (50 percent pessing) did not improve the results. The ash reductions obtained were
between 74 10 95 percent. As can been seen in Table 9-9, the Upper Freeport ROM coal's sulfur
content is mostly in the pyritic form. This would indicate high sulfur reduction potential. In fact,
the total SO, reductions achieved varied from 56% to as high as 72%. The ash content in the
tailing was high 88.1 to 92.4%, showing a good carbon capuure efficiency.

Comparative results with coarse and finely ground Upper Freeport coal are shown in Table 9-
9. As with the other two coals, all tests with the coarser grind produced similar results. However,
when the feed was reground to a finer size of 2.9 microns from 4.5microns (50 percent passing),
an increase in the clean coal ash content occurs accompanied by a slight reduction in the sulfur
content.

Table 9-9: Bechtel Test Results on Upper Freeport Coal (51)
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" Typical Mean Std. Dev.

Agglomerated Clean Coal:-
Test No. F-8-A F-6-B 12 tests
Grind Size (microns) 29 4.3 43 ND
% Ash 85 7.8 8.1 0.85
% Total Sulfur 1.40 1.56 1.58 0.05
Heating Value (Btu/ib) 14106 14206 14168 143
ROM Performance:-
% Energy Recovery 92.0 91.7 91.7 0.1
% Ash Reduction 93.8 94.3 94.1 0.7
% Sulfur Reduction 735 70.8 703 12
% SO2 Reduction 72.0 69.1 68.6 13
% Pyritic Sulfur Red. 78.8 755 750 14
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9.72 Pulp Density
Tests were run at 10, 15, 20 and 25 percent solids by weight. At 25 percent solids, the sample
slurries of the fine ground coal all became too strongly non-Newtonian under high shear to
agglomerate properly. Illinois No. 6 and Pittsburgh No. 8 samples were run at 20 percent solids, ‘
where their fluid mechanical properties were marginal. The results indicated that Pittsburgh No.
8 performed marginally worse at 20 percent solids, but that Illinois No. 6 showed no significant
change. No deteciable change in performance was seen for any of the samples agglomerated at
10 percent as ewiparied o 15 percent. These results led to the selection of a solids concentration
of 15 percent i the pominal selective agglomeration process design.

9.7.3 Agglomerant Dosage ‘

In a high shear reactor (where the agglomerate is added to the slurry), the approximate speed
is 12,000 rpm. Given an adequate quantity to sustain agglomeration, the agglomerant dosage
affects only the size of the agglomerates and not the product quality or energy recovery.
Agglomerant dosages (by weight percent of dry coal feed) of 25% or up are recommended for
Pittsburgh No.8 and Ilinois No.6 and agglomerant dosages 35% or up for Upper Freeport.

9.7.4 Asphalt Dosage

In low shear reactor (where asphalt binder is added to the mixture of agglomerate and slurry),
the approximate speed is 6,000 rpm. Asphalt dosage affects product size and strength.
Agglomerates of adequate strength are required to avoid carbon losses during product screening.
Asphalt dosages (by weight percent of dry coal feed) of 4% or up are recommended for
Pittsburgh No.8, Illinois No.6 and Upper Freeport. Since the cost of adding the asphalt to the
process is marginal compared 1o other costs, we dropped it in calculating the cost of the entire
coal cleaning process. :

-

9.7.5 Effects on Economics

The cleaning cost (excluding the raw coal cost) for Illinois #6 coal for the two different grind
sizes of coal input noted earlier was investigated. The results of this sensitivity analysis suggest
that as 9.8 microns coal was ground to 3.7 microns, the sulfur content of cleaned coal was
reduced by 5%. Still, the cleaning cost increased by $1 per dry ton of cleaned coal (Figure 9-5).

The cleaning cost for lilinois #6 coal for the two different solids concentrations (pulp density)
was also investigated. The results of this sensitivity analysis sugges’2d that an increase of 5%
solid concentration could lead to about a 0.3% increase in sulfur reduction and an additional
$0.30 increase in clean cost per dry ton of cleaned coal (Figure 9-6). The results support the
selection of 15% solid concentration in the selective agglomeration process.
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Figure 9-5: Cleaning Cost (1984%/dry ton of cleaned coal) vs. Sulfur Reduction for Different
Grind Sizes (lllinois #6 coal).
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Figure 9-6: Cleaning Cost (19843/dry ton of cleaned coal) vs. Sulfur Reduction for on Dxffemnt
Pulp Density (Illinois #6 coal). :

Cleaning Cost (in 1984$/dry ten of cleaned coal) 2-

303

30.7

30.6 ~

305 =

304 -

303

15% solids

20% solids $

6.4

565 66

% Sulfur Reduction

s67 568 569

e Cilean Cost



176

10 HEAVY LIQUID SEPARATION PROCESS MODEL

10.1 Nomenciature

English letter symbols '

Aclean Ash content of the clean coal going to cleaning circuit and eventually thermal drier
(fracxion)

Aprecleaned  Ash content of precleaned coal (fraction) -

Agxceref Ash content of the refuse coal from the precleaning subcircuit (fraction)

Ar Ash content of the raw coal input (fraction)

Aref Ash content of the refused coal going to refuse circuit (fraction)

ACelect Anmual cost of electricity ($ / dry ton of clean coal)

ACiabor Annual cost of labor ( $ / dry ton of clean coal)

ACiig Annual cost of heavy liquids ( $ / dry ton of clean coal)

ACmaint Annual cost of maintenance ( $ / dry ton of clean coal)

ACpayovh Annual cost of payroll overheads ( $ / dry ton of clean coal)

ACplovh Annual cost of plant overheads ( $ / dry ton of clean coal)

ACgteam Annual cost of sicam ( $ / dry ton of clean coal)

ACax Annual cost of taxes, insurance, etc ( $ / dry ton of clean coal)

ACwaste Armual cost of waste disposal ( $ / dry ton of clean coal)
ACwater Annual cost of water ( $ / dry ton of clean cosl)

c Cost of heavy liquid used ($/1b heavy liquid)

Ciax Chemical Engineering Cost Index for current year

Cidx, 1984 Chemical Engineering Cost Index for 1984 ~ , L
Csal Degree of heavy liquid solubility in water (fraction) . 0
Ceapital Total capital cost ($ /dry ton of clean coal)

Coperating Total operating cost (3 /dry ton of clean coal) X

G Cost of raw coal ($ /dry ton of raw coal)

Cref Cost of refuse coal ($ /dry ton of clean coal)

Cional Total cost of clean coal ($ /dry ton of clean coal)

CRF Capital Recovery factor (dimensionless)

d Real discount rate for capital cost (fraction)

DC Direct capital cost ($)

DChicequip  Direct capital cost of the heavy liquid cyclone plant equipment ¢3)

DCligrec Direct capital cost of heavy liquid recovery equipment ($)

DCr Direct capital cost of the refuse handling ($)

DCeer Direct capital cost of the refuse handling ($)

Dcmﬂmpungmcapimlmstofwnpﬁngﬂndmooal&)
DCihermal Direct capital cost of thenmal drying systesm ($)

[ Cost of electricity ($/dry ton of raw coal)

Edrier Energy needed for thermal drier (Btu)

h Ar-ual operating hours of coal cleaning piant (hrs/yr)
HHV, H  -rheating value of raw coal (Btw/b dry coal)

HHVlean H rheating value of clean coal (Btw/lb dry coal)
i Nc  .nal interest rate (fraction)

1 L .or cost ($/hr)
LRV Lower heating value of clesn coal (Baw/lb dry coal)
Mciean Dry mass flow rate of clean coal entering the cleaning circuit (tons/r)

Mgry Dry mass flow rate of clean coal leaving the cleaning plant  {tons/hr)



Mevapwater
- : .
Minmois

Miigclean

mjigeffinentref

Mjigfiliclean
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Mass flow rate of water evaporated in thermal drier (sons/hr)

Weight of water evaporated in thermal drier per pound of clean coal (fraction)
Moisture content of clean coal entering thermal drier (fraction)

Mass flow rate of heavy liquid from the overflows of cleaner and scavenger cyclones,
entering the cleaning circuit (tons/hr) .

Mass flow rate of heavy liguid leaving as effluent from solid bow! centrifuge (tons/hr)
Mass flow rate of heavy liquid leaving as filtrate from the drum filter (tons/hr)

Miiglostoamiot Mass flow rate of total heavy liquid lost to the atmosphere (tons/hr)
Miiglosttowater Mass flow rate of heavy liquid lost to water (tons/hr)

Mlignew
Mliqrec

Mjiqref

Mass flow rate of new heavy liquid (tons/hr)

Mass flow rate of recovered heavy liquid (tons/hr)

Mass flow rate of heavy liquid from the overflows of cleaner and scavenger cyclones,
entering the refuse coal circuit (tons/hr

Mjigstripclean Mass flow rate of heavy liquid entering the clean coal stream stripping system (tons/hr)

Miigstripref
Mijqthicclean
Miigthicref
mg
Moytmois’
Mprecleaned
my

Mref
Mgteam
Mgeamclesn
Mgteamref
m

n

P
PSclean
r

R

t

TCC
DC
w

w

We
Yelean
Y drier

Yprecieaned
Yiotal '

Greek letter
3

Mass flow rate of heavy liquid entering the refused coal stripping system (tons/hr)
Mass flow rate of underflow heavy liquid leaving the coal thickening cyclone(tons/hr)
Mass flow rate of overflow heavy liquid leaving the refuse thickening cyclone(tons/hr)
Drymassﬂowmtcofcleanmalleavingﬂwplam(tms/hr)

Moisture content of clean coal Jeaving thermal drier (fraction)

Dry mass flow rate of precleansd coal (tons/hr)

Dry mass flow rate of raw coal input (tons/hr)
Drymassﬂowmof.mﬁ:sedooalmﬁngﬂumfusccimﬁt(wnsmr)

Total mass flow rate of steam required for stripping system (tons/hr)

Mass flow rate of steam required for clean coal stream stripping system (tons/r)
Mnssﬂowmtcofswammquimdfcrmfusedcoalsuewnmippmgsym(mns/hr)
Cost of maintenance (fraction) :

Life of coal cleaning plant (yeass)

Inflation rate (fraction)
Pyﬁﬁcadfurmﬂwclemooalmmmedﬂunmemwinpm(%) :
Gomo{mﬁmwaldiqmﬂ@/wam) )

.Ratio of dry mass heavy liquid to dry mass of clean coal from the precleaning
subcircuit (dimensionless)

Annual rate of taxes and insurance costs for plant (fraction)

Total capital cost ($)

. Total direct capital cost

Cost of water ($/1000 tons)

Water loss in the procecs (tons/hr)

Working capital ($/dry of clean coal)
Massyieldofcleancoalexiﬁngﬁomﬁmm.wadmﬁt(ﬁwion)
Thermal drier mass yield (fraction) :

Mass yield of clean coal from the precleaning subcircuit (fraction)
Mass yield of entire coal cleaning plant (fraction)

symbols

Efficiency of thermal drier (fraction)

102 Introduction
This chapter describes new pafmmanccmdeconumicmodclssimulaﬁngtheopcmﬁonofa

coal beneficiation plant using the heavy liquid cyclone process. The primary function of these
modclsismesﬁmam:hccostandabiﬁtyofmepmoessmwmavepyﬁﬁcsulﬁnmdashcommt
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o help meet power plant emission standards. This report presents a brief overview of heavy
liquid cyclones, a description of the economic algorithms and an assessment of this process’
ability to reduce sulfur dioxide emissions of coal fired power plants. Models are adopted from
bench-scale test on a one ton per hour (tph) Proof-of-Concept (POC) units performed by Process
Technology Institute (PTI)* (53). An assessment of capital investment and operating costs for a
heavy liquid cyclone process for a plant size of 300 tph proposed by Burns and Roe Services
Corporation (52) is adopted in developing the economic model.

The heavy liquid cyclone process uses the differences in specific gravity (s.g.) between the
coal and liberated pyrites to achieve separation. In this process, coal (s.g. ~ 1.30) is mixed with a
heavy liquid of specific gravity between 1.33 to 1.60 and passed through a cyclone. The high
centrifugal forces experienced by the coal and the liberated pyrites in the heavy liquid promote
separation by moving the lighter coal particles to the center and the heavier pyrites particles to
the wall of the cyclone. The clean coal reports as overflow and the heavy impurities as
underflow.

The process design is based on 2" to 4” diameter cyclones. Because of the small throughput
capacity of these cyclones, a large number of cyclones is required. Effective distribution of the
feed material to the cyclones is a challenging problem. Because of these uncertainties in the
performance of cyclones, the operating cost of cyclones is a cost-sensitive area. Another cost-
sensitive area is recovery of the heavy liquid.

103  Process Description

A conceptual flow scheme for an HLC process is shown in Figure 10-1 and 10-2. The HLC
process comprises of two subcircuits: heavy liquid cyclone subcircuit and heavy liquid recovery
subcircuit. Two other subcircuits also contributed to the HLC process discussed here. They are
the precleaning subcircuit and the comminution subcircuit.

103.1  Precleaning Subcircuit

The objective of the precleaning circuit (flowsheet not shown) was to remove the out-of-
seam dilution rock that is collected during the normal course of mining operations. Because most
of this rock is coarse, it is advantageous to remove the rock prior to grinding to avoid energy
intensive grinding process and fine particie separation difficulties. Heavy medium cyclone circuit
would be used to remove the most coarse rock and maintain high thermal recovery.

In this subcircuit, the ROM feed was crushed to 3/8” andl screened at 8 mesh. The 3/8” x 8
mesh material was subjected to cleaning in the heavy medium cyclone while the -8 mesh
material was saved for recombination with the precleaned +8 mesh material.

The 3/8™ x 8 mesh coal was fed continuously into a sump where it was mixed with the water.
A 5" kreb cyclone was used to make separation. The clean coal and refuse products were
collect.d off the drain and rinse screens into 55 gallon barrels. These 55 gallon barrels were
removed 1o storage alongside the -8 mesh material. The +8 mesh and the -8 mesh material were

2 There are four wolved in the project: Michigan Technological University (MTU); Bateman
Engmeg?lnc(B .NW&M&M&MM).MWMM(M
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then proportionally combined as needed to provide the feed to the grinding circuit for heavy
liquid cyclone (HLC) test work.

1032 Comminution Subcircuit ,

Precleaned feed is crushed in an open circuit to 2 top size of 28 mesh in a dry roll crusher. It
is then slurred and fed to an attrition mill operating in closed circuit which simplifies grinding to
various topsizes typically ranging from 100-325 mesh. There is no flowsheet for this subcircuit.
1033 Heavy Liquid Cyciene (HLC) Subcircuit

This subcircuit shown in Figure 10-1 comprises the various stages of HLC separation. It
involves a 2” diameter cyclone acting as a primary stage of separation and 1 diameter cyclones
acting as cleaner and scavenger stage. The cleaner stage is used for cleaning the primary cyclone
or clean coal flow stream. The scavenger cyclone was used for recovering misplaced clean coal
in the tailings stream from the primary cyclone.

Figure 10-1: Heavy Liquid Cyclone Subcircuit (HLC)
Procleaned Coal

(20010100 mesh x 0 Make-Up
5% moisture)  Heavy-Liguid

'L
Conditions
Tank ——--—-t—d

In this configuration, the overflow from the cleaner and the scavenger cyclones normally
combine to constitute a clean coal product of 4% - 5% ash at 80% Buw recovery when run near
optirum. A middlings stream is produced from the cleaner cyclone underflow. Ash values often
occur in the 8% - 12%mngewiththisﬂowsuumwhichrcpmmts7% - 10% of the total feed to
the circuit. Fina! tailings are removed from the scavenger and cleaner underflows. These are
generally 10% -20% of the plant feed with ash in the 50%-60% range when run near optimum
(52).

PTI also tested a three stage cyclone circuit where the scavenger was removed and used as a
recleaning mgcmpmcessingthemaﬂowmamﬁumtheclmmucyclom. It was found that
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marginal improvements in coal quality with the recleaner cyclone generally did not warrant the
corresponding loss in Btu recovery.

103.4 Heavy Liquid Recovery Subcircuit

This subcircuit shown in Figure 10-2 comprises of two streams: the clean coal stream and the
refuse stream. The original design of the clean coal stream showed a pressure filter as a
mechanical deliquoring stage followed by a turbo dryer as a thermal recovery stage for stripping
the heavy liquid from the surface of the coal and refuse. In the Dow Organic Heavy Liquid
(OHL) process (52), the coal heavy-liquid slurry is deliquored by the hooded vacuum filter and
the filter cake is washed with hot water to displace residual heavy Liquid. Final heavy-liquid
removal is achieved in a proprietary stripping system. The stripping system is believed to consist
of a direct contact evaporator. The coal is discharged from the stripping system as a coal/hot-
water slurry. The amount of moisture (water) in coal-hot water slurry is depended on the amount
of steam required to remove the heavy liquid from the clean coal and the amount of water
discharged with the heavy liquid in the other exit stream. The water is removed in the thermal
drier.

Figure 10-2: Heavy Liquid Recovery Subcircuit (HLR)

Clean Coal w/ Heavy Liquid from B Coel/ -— Filtrate

Vent

Clean Coal - Water
Shurry to Thermal

Hesvy Liquid / Waser

v

Decantod Water o

Refuse Thickener
Refuse - Water Shurry

| DWM
In the refuse stream, the refuse is thickened in a solids bowl centrifuge and then stripped of

any remaining heavy liquid ir a stripping system similar to the clean coal stripping system. The
heavy liquid and water are allowed to separate under quiescent conditions in decanter. The heavy
liquid from the decanter is mixed with other recovered heavy liquid and recirculated to the 0
conditioning tank.
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It is recommended that when designing the HLC and HLR subcircuits, all the equipment in
the circuit be vented to a collection system to minimize the heavy liquid losses. All the
equipment should be air tight. The piping should be designed to prevent losses of the heavy
liquid vapors. Basides the losses to the atmosphere, the heavy liquid also lost to the water. The
detailed calculation of heavy liquid losses are discussed later in illustrative results.

104 Performance Model
The algorithm for the determining the higher heating value is as follows:
HHVlean = HHV; [ 1 - Acdean/ 1 - Ar]

Estimates of plant operating and capital costs typically are scaled to various mass flow rates
within the coal cleaning plant. Those developed below are the rate of raw coal and heavy liquid
into the plant, the rate of dry and-wet refuse coal out of the plant, the rate of heavy liquid
recovered and lost from the plant, the rate steam and water required for stripping the heavy hqmd

and the rate of water evaporated in the thermal drier.
In approaching the performance models developed, we will look at one subcircuit at a time.

104.1 Precleaning Subcircuit
The yield of the clean coal going into the Communition subcircuit is calculated as follows:

Yprecleaned = [ Apreref - Ar ]/ [ Apreres - Aprecleaned 1 (10.1)

-

1042  Communition Subcircuit

We assume the grinding process does not significantly affect the percentage yield of
precleaned coal. Yprecleaned obtained from Equation (10.1) remains as the ground precleaned
coal enters the HLC subcircuit.

104.3  HLQC Subcircuit

The amount of heavy liquid needed for this process related to the specific gravity of the coal
and the specific gravity of the heavy liquid. The ratio of mass of heavy liquid to the dry mass of
precleaned coal is denoted by R, or

Ilig = Rm precicaned
The value of R is determined from experiments.
The yield of the clean coal going into the HLR subcircuit is calculated as fonows

Yelean = [ Aref - Aprecieaned ] /[ Aref - Aclesn ]

10.4.4 HLR Subcircuit

As was mentioned earlier, we have divided this subcircuit into two streams — the clean coal
and refuse coal streams. We will look at the clean coal stream first.
Clean Coal Stream

The mass flow rate of the heavy liquid entering this stresn, Myigclean, is the sum of the mass
flow rate of the underflow of the coa! thickening cyclone, mjigthicclear 8nd the heavy liquid
exiting from the drum filter ( myigfilciean + Miigstripclesn ):
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Miigclean = Miiqthicclesn + Miigfiliclean + Miigstripclean
The amount of stream needed in clean coal stripping system was
‘ Mgteamclean = 0-149 Miigsripcican , (10.2)
Refuse Coal Stream
The approach in dcvclopmg the following equations for the refuse coal stream is similar to
the one discussed in the clean coal stream. The mass flow rate of the heavy liquid entering this
stream, Mijjgref, is the sum of the mass flow rate of the overflow of the refuse thickening cyclone,
Miigthicref and the heavy liquid exiting from the solid bowl centrifuge ( mijgeffiventref and
Mjiqstripref ):
Miigref = Miiqthicref + Miiqeffluentref + Miiqstripref
The amount of steam and cooling water needed in sefuse stripping system is calculated by
equations follows:
Msteamres = 0.149 myigatripres (10.3)
Combining equations (10.2) and (10.3), the total steam consumption is therefore
Mgieam = Mgcamclean + Msteamref = 0.149 (Miigstripciean + Miigstripres)
By tabulating the experimental data
Miigstripclean + Miigsiripref = 0.436 myiq
Therefore,

Mgeam = 0.149 x 0.436 x myjq
= 65.0 x 103 myq
Not all the heavy liquid will be recovered. Depending on the degree of solubility of heavy
liquid in water, some will be lost to the water. The amount of heavy liquid that is lost to the
water is estimated to be
Mjiglosttowater = Csol X W
where W is the total water loss in the process
Besides the losses of the heavy liquid to the water in both stripping system, some heavy

liquid is also lost to the atmosphere. To find the heavy liquid that is Jost to the atmosphere, we
have to consider the entire components of HL.C and HLR subcircuits. The formula obtained is

shown below:
mliglostioatmtot = 35x 104 Mprecleaned
Hence, the recovered heavy liquid (methylene chloride) from this stream is
(miiqrec) * Mliqclean + Miigref - Miiqlosttowater - Miiglosttoatmtnt (10.4)
Since the sum of myigclean + Miiqref is also the sum of Mijquew + Miigrec, equation (10.4) is
- reduced to
Miigrec = ( Mijignew + Miigrec ) - Miiglostiowster - Miiglostioamtot

'y
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|
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or
Mlignew = Miigiostiower + Miiglostostmint

10.4.5 Thermal Drier Subcircuit

Normally, it is necessery to thermally dry the fine sizes of coal-hot water slurry. It is assumed
that product coal is used to fire the thermal drier, thus reducing the overall plant yield (this
subcircuit is not shown in the flowsheet). It is also assumed that drying alters only the coal
moisture content, with all the other coal properties (measured on a dry basis) remain the same.
Since the moisture content of coal entering and leaving the thermal drier is specified, the weight
of the water evaporated per pound of precleaned coal into the thermal drier is

Mevapwater’ * {Minmois’ - Moutmois’] / [ ( 1 - Minmois’ ) (1 - Mousncis’ ) ]
Tbeamountofmwgyneededmwapmwthisww#

Eq = 1020 mevapwaer' / €
The lower heating value can be approximatzd by

LHYV == 0.96 HHVclean - [ 1020 mogrmois’ / ( 1 - Moutmois’ ) ]
Therefore, the drier yield and total piant yield are given by

Yarier= 1 - Eg/LHV
and

Yiowl = Yprecieaned Yelean Y drier
The weight of water evaporated is

Mevapwater = mwupm [ mo/ Yarier)
Omce the drier is dcmmned,thedrymmﬂowmmfmthenw coal stream, refuse stream
and drier stream can be calculated by the following equations:

my = mo / Yiowl
Miprecicaned = Mo X Y precleaned
Mgry = Mo/ Ydrier
Miref = Mo * Mdry

The water loss in the coal cleaning plant is
W =tngry [ (1/(1 - Minmois*)) -1 + meer [ (1/RC)- 1)

10.5 Economic Mode
The\wmlwmindonmpermofdzydmwalmbedividedimofmxrscpmuecosts
categories.
» cost of raw coal
« cost of rejected coal



» annual operating and maintenance costs

» annualized capital costs \

The cost of raw coal is an input parameter. The cost of the refuse cost is a function of the
plant yield and can be calculated from

Crer= Cr [(1/Yeowa1 ) - 1] (10.5)

10.5.1 Capital Cost

The capital cost is divided into five different sections: raw coal handling, heavy liquid
cyclone equipment, heavy liquid handling, refuse handiing and thermal driers (if needed). The
capital costs related to clean coal storage is included in the raw coal cost, since the coal cleaning
equipment is assumed to be at the mine site. This includes the cost for conveyors, storage and
loading equipment. The raw coal cost also includes the related capital cost from the precleaning
process. This includes heavy mediums cyclones, sieve beads, coal screens and coal centrifuges.
The cost of handling the refuse from the precleaning process is combined with the cost of
handling the refuse from the HLR subcircuit. This direct capital cost for refuse handling includes
refuse sump, explosion proof pump, refuse thickening cyclone, centrifuges and refuse stripping
system. The direct capital cost is determined by these equations:

DC;=$ 22, 524 m;0-7 x [Ciax / Cidx,1984) (10.6)
DChicequip = $22, 528 Mprecieaned®’ % [Cidx / Cidx, 1984 (10.7)
DCligrec = $ 30,643 (Miignew + Miigrec)®” x [Ciax / Cidx,1984]

= $ 30,643 x (Rem)®7 x [Ciax / Ciax 1984] . 08)
DCres = $33, 514 mye®7 x [Ciax / Cidx 1984 . (109)
DCrier = $153, 000 mevapwater®” % [Cids / Cidx,1984] (10.10)
DCcoslsampiing = $324,000 x [Cigx / Cidz,1980) (10.11)

The direct capital cost for the HLC subcircuit equipment covers the cost for the 20,000 gallon
cast iron conditioning tank, agitator of 200 horsepower, cyclone feed pump and three set of
cyclones — primary, cleaner and scavenger. Clean coal sump, pump, coal thickening cyclone,
drum filter and clean coal stripping system are included in DCeleqn.

The total direct capital cost is found by adding Equation (10.6) through (10.11)

TDC = DCr + DChicequip + PCiigrec + DCret + DCrier - DCooalsampling
The indirect capital and contingencies costs are estimated to be 56% of the direct capital cost,
Therefore, the total capital cost, which is depreciated over the life of the plant is

TCC = 1.56 TDC
The total capital cost is annualized as follows:
de[(1+i)/(1+p)-1]
where i is the interest rate and p is the inflation rate. Therefare, capital recover factor is



CRFed/[1-(1+d)n)]
Working capital is estimated to be 25% of the labor, maintenance, electricity, water, waste
disposal and heavy liquid costs as in the conventional plant model described in Chapter 2.
We =025 ( ACiabor + ACmaint + ACelect + ACwazer + ACwaste + ACliq + ACstearn)
As in Chapter 2, the capital cost in ($ per dry ton of clean coal) is
Coapital = [ dW + [ (TCCx CRF )/ (moxh)] ) (10.12)

1052  Operating and Maintenance Cost

The annual operating and maintenance costs comprise several cost elements, incinding labor,
maintenance, raw material and waste disposal costs, also taxes, insurance and general
administrative overhead. The operating and maintenance cost is broken down into nine
components.

* heavy liquid

¢ electricity

o labor

* maintenance

» payroll overhead

e taxes and insuxance

» waste disposal

e water

o . stcam ‘ :

Table 10-1 shows the cost factors for various components. The total annual cost of heavy
liquid in $/ton of clesn coal is estimated to be

ACiiq = [ ¢ x Miignew] ] /mo

The cost of labor is estimated to be dependent of plant size. Maintenance costs, taxes and
insurance arc estimated to be proportiunal to the total capital cost of the plant. The cost of
electricity is linked to the mass flow rate of the coal entering the plant, while the cost of waste
disposal is proportional to the quantity of coal rejected. The cost for water is proportional to the
amount of water in the clean coal and refuse streams. Overhead costs are based on labor,
maintenance and heavy liquid costs. The equations for these costs are

ACelect = ¢ / Yiox x [Giax / Cidx,1980)

ACishor =1/ m o x [Ciax / Cigx,1980]
ACmaint= [y TCC]/[mo h]
ACpayovh = 0.30 ACiabor
ACpliovh = 0.26 [ ACibor+ ACmaine+ ACiiq]
ACux=[tTCC]/[moh]

ACwasie = [ 1 myef } / Mg RC x [Cigx / Ciax,1980]
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A%‘[WMW]/%X[%/%IM

ACgieam = 5 X Mgeam / Mo X [Ciax / Ciax 1980)
where ¢, 1, m, 1, s and w are taken from Table 10-1. Adding the above equations and converting
10 a base year yields:

Coperating = Cidx (ACig + ACelect + ACiabor + ACmaint + ACpayovh + ACplovh

+ .i‘Cﬂx"‘ AC.,m + ACwug'f A% (10.13)

The total cost for clean coal is found by adding Equations (10.5), (10.12), (10.13) and the raw
coal cost

Ciotal = Craw + Cref + Copamg + Ceapinl
Table 10-1: Operating Cost Factors (1980 $)

Variable Cost Elements Symbol Definition Value
Electricity e ($/raw ton) 1.560
Labor 1($/kr) 268.000
Maintenance mt (fraction) 0.045
Refuse Disposal r ($/wet ton) 1.200
Taxes t (fraction) 0.040 -
Water w ($/1000 gallon) 0.180
Heavy Liquid ¢ ($/1b) 0.800

10.6 Diustrative Resuits

Experimental HL.C process done by PTI on Pittsburgh coal and Hlinois No.6 coal is shown in
Table 10-2. In this process the heavy liquid used is methylene chloride. Methylene chlorids is
chosen over Freon-113 (another heavy liquid considered) since the lower specific gravity of
methylene chloride (s.g. 1.33) will give better product quality than the process based on Freon-
113 (s.g. 1.57). The relevant properties of methylene chloride and Freon-113 are listed in Taole
10-3.



Table 10-2: HLC Feed Coal and Clean Coal Quality (53)

Performance parameter Pittsburgh No. 8 Iliinois No.6
Feed Product Quality
Ash % 409 2530
Sulfur % 3.66 453
Pyritic sulfur % 2.83 224
Heating value (Btw/lb) 8260 10580.
1b SO2/106Bt 8.86 8.56
Product Quality
Ash % 1.67 2.52
Pyritic sulfur % 0.45 0.55
Heating value (Bu/lb) 14150. 13520.
16 SO/106Bw 2.37 3.72
Performance
% Ash removal 94.70 82.80
% Ash reduction 89.50 $1.80
% Sulfur removal 76.20 64.80
% Sulfur reduction 54.40 44.40
% Pyritic sulfur removal 90.60 81.00
% Pyritic sulfur reduction 84.10 75.40
% B}u Recovery 80.40 87.60
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Table 10-3: Properties of Heavy Liguids

Heat of Solubility
Liquid Formula Boiling Density, Vapor., Viscosity, Toxicity in Water,
/ Point, °C  gm/cm3  caligm cp gavgm
Freon-113 CCLok 47.6 1.57 350 0.68 non-toxic insoluble
Methylene CH»Ch 40.0 133 89.0 0.45 High 0.02

Chloride )

PTI had also performed experiments of the HLC process without the precleaned subcircuit
for the Pittsburgh coal. The product qualities found could not come close to meeting the quality
requirements for clean coal products. It was found necessary to have the precleaned subcircuit.
Table 10-4 shows the comparisons between the quality product coal of HLC process with and
without precleaned subcircuit.

-~

10.7 Sensitivity Results

The key design and operating parameters for HLC process considered were:
1. Coal Grind—minimoum size that could be run without degradation in cyclone performance.
2. Solids Concentration—maxirnum capacity of the 2” and 1” cyclones before pulp density
became a hindrance in the separation.
Analyzing PTI's experimental result of the HL.C process we found that the value of the
parameters vary with coal type. It can be summarized as follows:

10.7.1 Dlinois Coal

A much lower reduction in ash values was obtzined with the 200 mesh grind than with the
100 mesh grind. However, the ash reduction did not come without a loss in thermal recovery. For
example, it was possible to achieve ash reductions in excess of 80% with corresponding thermal
recoveries of 72% - 74%. It is realized that ash values in clean coal product of less than 4% are
niot theoretically possible, even if the coal is ground below 325 mesh.

When the coal was ground to pass 325 mesh, the cyclone efficiency degraded. The ash values
achieved in the clean coal product was 11% -12% at a resultant thermal recovery of 88%. Since it
is theoretically possible to achieve somewhat lower ash levels at 80% recovery, this result
indicates that the cyclone efficiency began deteriorating at 325 me-h. Teble 10-3 shows the
experimental results of grind size on product performance. The resuits are graphically displayed
in Figures 10-3 and 10-4.




Table 10-4: The Effect of Precleaned Subcircuit on Pittsburgh coal(53)
100 mesh grind size, 5% solids, inlet pressure of 15 psi
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Performance Parameter Pittsburgh No. 8 Iilinois No.6

Feed Product Quality
Weight % 100.00 72.50
Ash % 40.90 24.56
Sulfur % 3.66 352
Pyritic sulfur % 2.83 2.60
1b SO»/105Btu 8.86 6.44
Heating value (Buvlb) 8260. 10937.

Product Quality
Weight % 35.08 46.72
Ash % 22.03 533
Sulfur % not determined 1.72
Pyritic sulfur % not determined 0.41
1b SO2/105Btu not determined 2.46
Heating value (Baw/lb) 11342 13980
% B Recovery 49.00 80.44
% Ash reduction 46.10 84.96
% Sulfur reduction not determined 53.01
% Pyritic sulfur reduction  not determined 85.51
Y% Ash red./105Btu 61.42 92.43
% Sulfur red./105Btm not determined 7271
% Pyritic sulfur red/106Bm not detcrmined 91.59
% Ash removal 83.07 93.37
% Pyritic sulfur removal not determined 9196

The effect of solids concentration using 10, 15, 20 and 25 percent solids by weight on the heavy
cyclones showed that thermal recovery is optimum at medium solids (i.c. 10% by weight).
However, thaealwuamde—offmrhmhwuashvalucsmaduwedmlowmncenmons
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Figure 10-3: Lllinois #6: Grind Size vs. Grade Recovery
(% B rec., %Ash red., %Pyritic Sulfur red.)

%Btu ” 300 mesh
Recovery 87.57
' 200 mesh
7356
100 mesh
8027

0 20 40 6 80 100
% Reduction %Pyritic Sulfur Reduction
B %Ash Reduction

_mote:% Pyritic Sulfur reduction for 3060 mesh
is not Available
Clean coal product based oo ROM coal

Figure 10-4: Illinois #6: Effect of Solid Concentration on Performance
%Bwm 14% solids

Recovery
73.56

84.76

0 20 4 6 & 100
% Reduction

B %Pyritic Sulfur Reduction
B %Ash Reduction

note: Clean cotl product based en ROM cosl
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A most encouraging results in this test work occurred with respect o the pyritic sulfur
removal. Usually, the pyritic sulfur removals were greater than 79%. The most important aspect
of these results was that they were consistent irrespective of thermal recoveries. Pyritic sulfur
removals were consistently between 80-90% while B recoveries ranged from under 29% to
over 77%. These results are encouraging in that the efficiency of the cyclone appears to remain
high with respect to pyritic sulfur removal, even when ash removal may suffer. Pyritic sulfur
removal always exceeded ash removal showing that the cyclone is more sclective with respect to
pyrites.

Table 16-5: Coal Quality vs. Coal Size (Tllinois No. 6 Coal)(53)
Process: HLC - 15 psi
Coal type: precleaned Illinois #6 ; 5% solids

L

Feed Quality Wt % A% S% PS% 1bSO»106 Bm %BtuRec
Rom Feed 100.00 2529 4.53 2.24 8.56 10580. 100.00
Precleaned Feed 89.50  17.40 3.28 1.65 5.66 11582. 97.98

Coal size: 100 mesh 200 mesh 300 mesh -~

. Product Quality

Weight % 63.38 51.21 74.48

Ash % 5.43 414 1197

Sulfur % 2.33 2.50 - 2.7

Pyritic sulfur % 0.28 0.43 not available

Heating value (Bawlb) 13399.00 13589. 12438.

% Btu Recovery 80.27 73.56 87.57

% Ash reduction 78.52 83.64 52.66

% Sulfur reduction 48.65 44.85 38.76

% Pyritic sulfur red. 87.31 80.74 not available

note: Clean coal products based on ROM coal

10.7.2  Pittsburgh No. 8 Coal

During the test program, the previous 100 mesh grind tests were compared to additional tests
mnatZOOmeshginds.Speciﬁcally.testswmmnmmaﬂaapexdiameminanmemptm
increase thermal recoveries. Although the ash in the clean coal product remained low, hovering
around 4.5% -5.5%, thermal recoveries did not dramatically improve. When the coal was ground
to pass 200 mesh, slightly better thermal recoveries were achieved. However, a considerable
amount of ash reparted to the cyclone overflow when the apex was constricted in this manner.
This can be observed in Table 10-6 and Figures 10-5 and 10-6.



192

Table 10-6: Coal Quality vs. Coal Size (Pmsburgh No. 8 Coal)(53)
Process: HI.C - 15 psi

Coal type: precleaned Pittsburgh ; 5% solids

Feed Quality Wt % A% S% PS% _1bSO»105 Bw _ %BuRec
ROM Feed 100.00  40.80 3.66 2.83 9.02 8119 100.00
Precleaned Feed 72.50  24.56 3.52 2.60 6.44 10937 97.67

Coal size: 100 mesh 200 mesh

Product Quality | -

Weight % 46.72 54.68

Ash % 5.33 12.78

Sulfur % 1.72 1.94

Pyritic sulfur % , 0.41 0.71

Heating value (Btu/Ib) 13980. 12906.

% Btu Recovery 80.44 86.93

% Ash reduction 86.96 . 68.73

% Sulfur reduction 53.01 4698

% Pyritic sulfur reduction 85.51 74.98

note: Clean coal products based on ROM coal




Figure 10-5: Pittsburgh: Grind Size vs. Grade Recovery
(% Btu rec., %Ash red., %Pyritic Sulfur red.)
200 mesh

% Btu
Recovery
86.93

100 mesh

80.44
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Figure 10-7: Grade / Recovery vs. Acjean

O Iioois : % B recovery
& Upper Freppont : % Bu recovery
Pittsbuagh : % Bt recovery

L]

0 M 1§ v L v Ll MR BB 1 hd L R ] d
3 4 5 6 7 8 S 10 1
% Ash in clean coal
Illinois: :
% B recovery = -25387 + 152.33%log(Aclean) RA2 = 0,727

Upper Freeport:

% Bui recovery = -167.11 + 243.38%log(Aclean) RA2 = 0.942
Pinsburgh:

% B recovery = -35.353 4 159.77%1log(Aclean) RA2=0.927

A grade recovery plots of %Btu recovery vs. % ash conteat of clean coal shown in Figure 10-
7. A similar grade recovery plot between the Bt recovery and pyritic sulfur removal is presented
in Figure 10-8. Regressing both plots, relationships between Btu recovery and clean ash and Btu
recovery and pyritic sulfur removal were obtained :

Illinois No. 6:

% Bt recovery = -25.387 + 152.33 x log(Aciean)

% Bt recovery = 96.439 + 0.1337 x PSclean - 0.004 x PSciean?
Pittsburgh No. 8:
% Btu recovery = -35.353 + 159.77 x log(Aclean)

% Btu recovery = 97.119 + 0.023 x PSclean - 0.020 x PScican®
In incorporating the economic model for Illinois #6 and Pittsburgh #8 to predict the cost of
cleaning the coal, the performance data of 10% solid concentration and 100 mesh grind size of
the two types of coal is used. A summary of performance and costs for Illinois #6 and Pittsburg!
coals to produce an output of 500 tons per hour is presented in Table 10-7, 10-8 and 10-9.




&

Figure 10-8: Grade / Recovery vs. PSciean -

0 Jr_ ' T v Y v T —
20 40 60 80 100
% Pyritic Sulfur removal
llinois:

€ Bt recovary « 96,439 + 0.134°PSclean - 0.004*PSclean®2 RA2w 0.650
Pittstuargh:
~ % Bm recovery »97.119 + 0.023%PSchemn - 0.020°PSclean®2 RA2 = 0.884

Upper Freeport: .
% Bru recovery = 116,73 - 0.682°PSclean + 0.004*PSclean®2 RA2 = 0.921

108 Numerical Example
Typeof coal = 1llinois #6

Size = 100 mesh (5% solids)
Heavy Liquid = Methylene Chloride
R = 5.60
P = 0.06
i = 0.13
n = 25
Csal = 2%
Mo " 500 tons/hr
h = 5500 hrs/yr
108.1 Performance Model
0 Clean coal characteristics:
G%Ash clean = 5.43
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Yprecleaned =
% Bt recovery

% Btu recovery

% Btu recovery

or

0 =
0 =
0 =
PSclesn =
HHViean -

0.895

= -25387 +152.33 x log(Aciean)

=  -25387+15233xlog543 =  86.5%
= 96439 +0,1337 x PScican - 0.004 x PSciean?

0.004 x PScjean? - 0.1337 x PScioan- 96.439 + 86.5
0.004 x PScjean? = 33.425 X PSciean - 9.939
PSclean? - 33.425 x PSjeqy - 2484.75

((33.425) + [(33.4252) + (4x1x 2484.75)]15 }/ 2x1
69.3% pyrites removed

HHVy[1-Aciean/1- Ar)

10, 580[ 1 - 0.0543/1 - 0.2529]

13,392 Bm '

The weight of water evaporated per pound of dry into thermal coal dric -

Mevapwater . =

Minmois’ - Moutmois’ / [ ( 1 - Minmois’ ) (1-T xmois’ )
028-005/[(1-028)(1-0.05)]

= 0.336
"The amount of energy needed to evaporate this water is

Ed = lozoﬂhnpwm. /e
= [1020 x 0.336] / 0.55
= 623.6Btw/lb

The lower heating value: -

LHV = 096 HHVciem - [ (1020 moamois’ ) / (1 - Mowmois’ ) ]
= 096x 13,392-[(1020x0.05)/(1-0.05)] |
= 12, 803.1 Btw/1b

The drier yield:

Y drier = 1-Egq/LHV
= 1-(623.6/12,803.1)
= 09513

"The plant yield:

Yioml w  YprecicanedYciean Y drier
= 0.895 x 0.634 x 0.951
= 0.540

The weight of water evaporated:

Mevapwater = o [ Mevapwater’ / Ydrier ]
= 500 x (0.336/0.9513)
= 17€.7 wph ‘

Dry mass flow rate of raw coal input:

My = o / Ym
= 500/ 0.540
= 925.9 tph

nymassﬂowmwofpmcleanedmalsomcmmss:



Mprecleaned = Yprecleaned X my
=  0.895x925.9

= 829.3 tph
Mass flow rate of methylene chloride input (dry basis)
mliq - 5.60 W
o= 5.60 x 829.3
= 4644.0 tph
Dry mass flow rate of cleaned coal entering the thermal drier:

Mdry = mo / Ydrier
= 500/0.951
= 525.6 tph

Dry mass flow rate of refuse coal:

Miref = Mprecleaned - Mdry
- 829.3 - 525.6
= 401 tph

Water loss in the coal cleaning plant:

w - mdry[(1/(1'minmds’))'1]+mrd‘[(l/RC)'1]
= §25.6[(1/(1-0.28))-11+401[(1/0.35)-1]
= 949.1 tph

Total mass flow rate of steam for the stripping system in (tons/hr)

Mgteam =  650x 103 * mijg
= 65.0 x 10-3 - 4644.0
= 301.9 +ph

Total mass flow rate of coolant for the stripping system in (tons/hr)

Mwater =  Twaterclean * Mwater ref ‘

' = 2.37 myigsrripclean + 2.37 Miigaripre!
= 2.37 (miigstripclean + Miigstripres)
= 2.37 x 2024.8
= 4,798.8 tph

Mass flow rate of methylene chioride lost to water
Miiglostowater = Coal x W
= 0.02 x 949.1
= 18.98 tph
Mass flow rate of methylene chloride lost to atmosphere
Miiglostoarm = 0.00035 x mywecieancd
= 0.00035 x 829.3
= 0.29 ph
Mass flow rate of new heavy liquid in tons per hour
Miignew = 18.98 + 0.29
= 19.27 tph
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1082  Economic Model

Capital Cost: .
DG $ 22, 524 m0-7

$ 22, 524 % (926.575)0-7

$2,688,202

$22, 528 myxecicaned®’

$22, 528 x 829.30.7

$2, 487,798

$ 30,643 R°-7m.-°—7

$ 30,643 x 5.66 0.7x 926.575 0.7

$19, 153, 152

DCref $33, 514 mge®’

$33, 514 x 4010.7 !
$2, 225, 399

$153, 000 meWOJ

$153, 000 x 176.74 0.7

$153, 037

$2,688,202+ $2,487,798 + $19,153,152 +$2,225,399 + $153,037
$41,663,840

1.56 x TDC

1.56 x $41,663,840

$41,663,840 : o

[ (Remprecieaned ) + [ € % ( Miignewd)] ] / mo
(5.60 % 0.8 x 829.3 + 0.8 x 18.981) / 500

$7.54/ton

EIYm(

1.56 /0.540

$2.89/ton

llmo

268 / 500

$0.54/t0n

[mt.ICC)/[moh]

[ 0.045 x $41,663,8401 /[ 500 x 5500
$0.68/ton

0.30 ACishor

0.30 x $0.536

$0.16/ion

0.26 [ ACubor+ ACmainrt AGiq ]

0.26 ( $0.536 + $0.6818 + $7.5404) o
$2.28/ton

{

DCrier

TCC

Annual Cost
ACiiq

ACelect

ACiabor

PR # a4 8 B O RK

ACmaint

ACpayovh

ACpiwvh



ACux

ACyaste

ACwaer

Working Capital
We =

Cleaning Cost is then:
G
Cret

Coperating

Ceapital =

Ciotal =

199
[tTCC]/[moh]
[ 0.04 x $41,663,840 ] /[ 500 x 5500 ]
0.61/ton
[rmref]/moRC
[12x401)/[500x0.35]
$2.75/t0n
[w240W]/mo
(0.18/1000) x 240 x 949.1/500
$0.08/ton

0.25 ( ACisbor + ACmaint + ACelect + ACwater + ACwasie + AClig )
0.25 ( $0.54 + $0.82 + $2.89 + $0.08 + $2.75+ $7.54)
$3.66/ton

$25.35 (see Table 10-7)

Ce [(1/ Yot ) - 1]

$25.35 [ (1/0.540) - 1]

$21.60/ton

Cidx (ACliq + ACelect + ACiabor + ACmaint + ACpayovh + ACpliovh
+ ACiax + ACwaste + ACwater )

1.193 ($7.54 + $2.89 + $0.54 + $0.82 + $0.16 + $2.31

+ $0.73 + $2.75 + $0.082)

$21.27hon )
dWe+[(TCCxCRF)/(moxh)]

[ 0.066 x $3.66) + [ ( $50,357,033 x 0.083 )/ (500 x 5500) ]
$2.10/ton

Cr + Cret + Coperating + Ceapital

$25.00 + $21.33 + $21.27 + $2.10

$69.70/ton

A summary of total cleaned coal cost components appears in Table 10-7 for both the Illinois
and Pittsburgh coals. Breakdowns of O&M costs and total capital costs appear in Tables 10-8
and 10-9, respectively. Graphical comparisons of total coal cost and capital cost appear in

Figures 10-9 and 10-10.
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Table 10-7: Components of Total Coal Cost (19843 / dry ton of clean coal)

Components Illinois #6 Piusburgh
Raw" 25.35 21.17
Capital 2.10 2.69
Cwerating 21.27 32.65
Refuse 21.60 43.20
Total 70.32 99.71

*  Sec footnote to Table 9-4 for explanation of input coal prices.

Table 10-8: Breakdowr. of the Operating and Maintenance Cost ( 19848 / dry to of clean coal)

Components Llinois #6 Piusburgh

Heavy Liquids 7.54 9.94

Electricity 2.89 474 SR o
Labor 0.54 0.54 '

Maintenance 0.82 1.02 .

Payroll Overhead 0.16 0.16

Plant Overhead 2.31 299

Taxes & Insurance 0.73 0.90

‘Waste Disposal 2.75 6.89

Water 0.08 0.18

Table 10-9: Breakdown of the Capital Cost ( Millior 1984% )

Components Ilinois #6 Pittsburgh #8
Raw Copal 2.688 3.802
HLC Equip. 2.488 3.036
HLR Equip. 19.153 23.128
Refuse Coal 2.225 4235

Thermal Drier 5.726 5.645
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Figure 10-9: Components of Total Coal Cost

(19898 / dry ton of clean coal)
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Figure 10-10: Components of Capital Cost
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INTRODUCTION

. The purpose of research is to provide and itaprove information regarding the feasibility,
optimal designs, promising applications, uncertainties and risks associated with a new process.
The information generated from research can be used by process developers to refine a technology
and ultimately by potential process adopters to make a decision about whether, and under what
circumstances, to use the new technology. Of concern to process developers is the prioritization of
research needs and an understanding of the barriers that exist between a conceptual design and
commercial adoption of an environmental control technology. Which technologies are the most
promising for further process development? What conditions favor the selection of the new
technology? What specific technical areas require more rescarch? What economic and cost
uncertainties affect the economic feasibility of the technology? How much funding should
reasonably be committed to further research?

This paper presents a research planning method that can be used to help answer these
questions. The salient features of the method include: '

« Development of engineering performance and cost models
* A probabilistic modeling capability to incorporate uncertainties
. Judgm?ts regarding uncertainties, likely applications, and the outcome of additional
researc .
« Exercising of the models to answer these questions:
« What are the key process design trade-ofis?
» What uncertainties most affect the overall costs?
o What are the potential pay-offs and risks vis-a-vis conventional technology?
 What is the likely effect and value of additional rescarch?
» Decision analysis to select a course of action

SCOPE OF THIS PAPER

An example of a technology innovation for pollution control of a coal-fired power plant is
used to illustrate the research planning method outlined above. The purpose of the method is to
provide a systematic approach to evaluating research priorities and the value of additional research.
An engineering process model is required to characterize key performance and cost interactions.
Because many performance and cost parameters are uncertain during the early research phase of a
technology, a probabilistic modeling capability is required to analyze the effects of these
uncertainties on process feasibility. Judgments about the possible outcomes of additional research
provide a basis for estimating the value of such activity and, therefore, for bounding research
funding. A decision analysis for one case study is discussed. Finally, the costs of a

demonstration plant are considered.




INTEGRATED ENVIRONMENTAL CONTROL

With the prospect of increasingly stringent emission control has evolved the concept of
integrated environmental control. The concept has several dimensions. One is to consider
interactions among control methods for air, water, and solid waste emissions control. Another is
the integrated use of pre-combustion, combustion, and post-combustion control methods (as
distinct from one approach alone). A third dimension is the development of new processes for
combined pollutant removal in lieu of separate processes for individual pollutants. Thus,
integrated environmental control represents good design practice and provides opportunities to
minimize costs for a given set of emission reduction requirements (Carr, 1986).

A conventional emission control system for a new coal-fired power plant typically consists
of a wet limestone flue gas desulfurization (FGD) system for 90 percent tS}gz control, an
electrostatic precipitator (ESP) for over 99 percent particulate matter (PM) removal, and
combustion controls for about 50 percent NOy reduction. The spent limestone reagent used in the
FGD system is disposed of with the power piant solid waste. These systems are all commerically
available and well-demonstrated. However, recent commercial experience in Japan and Germany
with selective catalytic reduction (SCR) indicates that 80 to 90 percent NOx removal may be
feasible, although SCR has not yet been applied with U.S. coals (Robie, Ireland, and
Cichanowicz, 1989).

The DOE Pittsburgh Energy Technology Center (PETC) has conducted research on a
number of technologies that combine SO2 and NOx removal into a single reactor, and that reduce
the solid waste produced by air pollution control systems. One of these technologies, which is
used as a case study in this research, is the fluidized bed copper oxide process. Key features of the
copper oxide process are that, unlike a wet FGD/SCR system, (1) it combines SO2 and NOx
removal in a single reactor vessel; (2) it is regenerative (i.e. the reagent is reused rather than
disposed of); and (3) it produces a saleable sulfur or sulfuric acid byproduct, in contrast to the
sludge produced by FGD systems (Drummond et al, 1985). Schematic diagrams of a baseline
FGD/SC’Rl and an advanced, integrated copper oxide based system are shown in Figures 1 and 2,
respectively. .

Figure 2 illustrates some of the features of the copper oxide process. Briefly, a copper
impregnated serbent, consisting of small diameter aluminum spheres, circulates between a
fluidized bed reactor, where SO2 in the flue gas is removed by reaction with copper oxide in the
sorbent, and a regenerator, in which SO?2 is evolved in a reaction of the sulfated sorbent with
methane. The SO2-rich gas from the regenerator is sent to an elemental sulfur or a sulfuric acid
plant for byproduct recovery. The regenerated sorbent is returned to the absorber for another
cycle. Factors such as the fluidized bed height and the amount of copper in the sorbent influence
the sorbent mass flow rate. NOx is removed from the flue gas byxcacnonwmmmmoma,whmh_zs
injected into the flue gas upstream of the absorber. The absorber reactions are exothermic,
increasing the temperature of the flue gas. This energy can be recovered in the power plant
furnace, through additional preheating of the furnace combustion air by the power plant air
preheater.

A PROBABILISTIC ENGINEERING MODEL

The copper oxide process is a technology in an early phase of develcpment, for which
limited test data and no commercial design or operating experience are available. Uncertainties in
system performance at the commercial scale lead to uncertainties in capital and operating costs,
which are the ultimate measures of interest for comparative analysis. Furthermore, cven if process
performance were known with certainty, uncertainties regarding the costs of equipment and
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réagcms would remain. To explicitly characterize these uncertainties, and to evaluate the overall
uncertainty in process costs, a probabilistic engineering modeling framework has been developed.

Analytic models for a conventional PC power plant, pre-combustion coal cleaning
processes, and the components of conventional and advanced post-combustion pollution control
systems are available as part of the Integrated Environmental Control Model (IECM), developed
under contract to PETC by Rubin et al. (1986). Details of the copper oxide process model, plus
godelslgfst‘;m)c power plant air preheater and a sulfuric acid recovery plant, are described elsewhere

rey, .

The analytic models are based on mass and energy balances for key process equipment.
The capital cost models are based on equipment cost estimates available in the literature, adjusted
for plant size using key process stream flow rates and exponentiz® scaling factors. Indirect costs
are calculated based on the direct equipment costs. Variable and fixed operating costs are also
calculated. The IECM has a capability to report costs in either constant or current dollars.
Constant 1985 dollars, which are exclusive of inflation, are used in this analysis.

To characterize uncertainties in advanced emission control systems, the IECM is
implemented in a modeling environment developed by Henrion for performing probabilistic
analysis (Henrion, 1982; Iienrion and Wishbow, 1987). The key uncertainties in process
parameters can therefore be characterized using a variety of user-specified probability distribution
functions. The resulting uncertainty distributions for model outputs are calculated using median
Latin hypercube sampling, a variant of Monte Carlo sirulation.

CASE STUDY: COPPER OXIDE VS. FGD/SCR

To illustrate the application of the research planning method, an integrated emission control
system consisting of the copper oxide process with integrated coal cleaning, byproduct recovery,
and energy recovery via the power plant air preheater, was compared with a conventional system
consisting of wet FGD and SCR. Table 1 summarizes some of the key , including
emission constraints, base plant design, and financial parameters, assumed for this analysis. Both
deterministic (nominal point-estimate) values and probability distributions are indicated in the table.
Table 2 summarizes the different coals considered, including both unwashed and cleaned (30
percent sulfur reduction on an energy basis) coals. Table 3 summarizes key input values and
distributions for the conventional wet FGD/SCR emission control system, which is taken as a
technological baseline in this analysis. The main emphasis of this research will be on applying the
research prioritization methodology to the copper oxide process, assuming the FGD/SCR system
as benchmark. The key inputs and distributions assigned to the copper oxide emission control
system are summarized in Table 4.

The selection of parameters for probabilistic representation was based on a review of
reported information, statistical analysis, and judgments by process developers and the authors
(Rubin et al., 1986; Frey, 1987; Rubin, Salmento, and Frey, 1988). The_: uncertaintics are
intended to represent the possible ranges that could be obtained in mature (i.e. fifth-of-a-kind)
commercial units. The specification of uncertainties requires information or technical judgments
about the possible range of values for a parameter and the likelihood of obtaining values within the
range. ’

IDENTIFICATION OF KEY UNCERTAINTIES

The primary advantage of probabilistic simulation over traditional sensitivity analysis is the
simultaneous incorporation of uncertainties in multiple model inputs. The resulting interactions
among uncertain variables results in uncertainties in total costs, which are the basis for comparative
analysis. Research can provide additional information about the uncertain input variables, resulting

l/




Table 1: Selected Input Parameter Assumptions for Case Studies

Deterministc Probability Values (or 6
Model Parameter (Nominal) Vaiue Distribution as % of mean)
Nitrogen Oxides 90% Reduction
Sulfur Oxides 90% Reduction
Particulates 0.03 IvMBtu
Power Plant Parameters
Gross Capacity S22 MW
Gross Heat Rate 9500 BavkWh -1/2 Normal (1.8 %)
Capacity Factor 65% Normal (7 %)
Excess Air (boiler/total) 20 %/39 % Nortnal 2.5 %)
Ash to Flue Gas 80%
Sulfur to Flue Gas 975 %
Economizer Outlet Temp 700 OF
Preheater Outlet Temp 300 OF
Einancial Parameters
Inflation Rate 0%
Debt Fraction « 50%
Common Stock Fraction %
Prefesred Stock Fraction 5%
Real Retum on Debt 4.6 % Normal (10 %)
Real Return on Com. Stock 8.7% Normal (10 %)
Real Return on Pref. Stock 52% Normal (10 %)
Federal Tax Rate . 367 %
State Tax Rate 20%
Ad Valorem Rate 20%
Investment Tax Credit 0%
Book Life 30 years
Real Fuel Escalation 0% 1/2 Normal o« 0.06%

Table 2. Selected Properties of Coals Used for Case Studies (As-Fired Basis)

Coal Property Run-of-Mize Washed® Run-of-Mine Washedt
Heating Value, Ba/lb 10,190 10,330 13,400 12,900
Sulfur, wt % 436 3.09 2.15 1.66
Carbon, wt % 50 87.7 748 T2.1
Hydrogen, wt % 3.9 40 4.6 435
Oxygen, wt % 12 84 $3 54
Nitrogen, wt % ‘ 1.1 11 14 13
Moisture, wt % 123 175 2.7 79
$/ton (at mine) 26.10 30.68 33.40 34.99
$/ton (transport) 7950 790 7.90 730

T Mode! results for a 30 % sulfur reduction on a Ib/MBu basis using conventional coal cleaning (Leved 3 plant
design)



Table 3. Nominal Parameter Values and Uncertainties for the Conventional Environmental Control

System
DeermE — Probbly Vi &6 &
Model Parameter (Nominal) Value Distribution s % of mean)®
Molar Stoichiometery (calc) Normal (5 %)
No. Operating Trains 4 Chance 0% @1;
20% @ 2;
40%@3;
Vo@4
No. Spare Trains 1 Chance 175% @ 0;
25% @1
Reheat Energy (cak) Chance 5% @0;
25%@x
Total Energy Use (cak) Normal (10 %)
Limestone Cost $15/ton Uniform $10-15/ton
Direct Capital Costs (cak) Normal (10 %)
Operating Costs (cale) Normal (10 %)
Space Velocity : 2,850/ Normal (10 %)
NH3 Stoichiometry (cak) Normal 10 %)
Catalyst Life 15,000 hrs Chiance S%@ 1275 hrs
30 % @ 5,700 brs
50 % @ 11,400 iars
14 % @ 17,100 hrs
. : 1% @ 28,500 hrs
Energy Requirement (cak) Normaal (10 %) 0
Ammonia Cost . $150/ton Uniform $150-225/0on
Catalyst Cost $460/M13 Normal (1.5 %)
Direcy Capital Cost {cakc) Trisngular 0.8x, x, 2x
Opera.ing Cost (excl. Cat.) (cakc) Normal (10 %)
Specific Coliection Area (cak) Nommal (5 %)
Energy Requirement (cakc) Normal (10 %)
Total Capital Cost (cakc) Nonnal (10 %)
Operating Cost (cak) Normal (10 %)
Solid Waste Disposal
Land Cost $6,500/acre Normal (10 %)
Direct Cost (cak) Normal (10 %)
Operating Cost (cak) Normal (10 %)

a8 For uniform distributions actua! values are shown. Ior trangular distrnibutions, endpoimts and median are
shown. For chance distributions, the probabilities of obtaining specific values are shown.



Table 4. Nomina! Parameter Values and Uncertainties for the Advanced Environmental Control

System -

’ Determmistic Probability Values (or o
Model Parameser (Nominal) Value Distribution as % of mean)?
Copper Oxide Processb

Fluidized Bed Height 48 inches
Sorbent Copper Loading 7 wi-%
Regeneration Efficiency 92 % -1/2 Nosmal 20 %)
Fluidized Sorbent 400 kg/m3 Normal (10 %)
Standard Error, Cw/S Ratio 0 Normal c=039
Sorbent Attrition 0.06 % Noemal 41 %)
Amimonia Stoichiometry {(cak) Normal (625 %)
Regeneration Temp 900 OF Normal 2 %)
No. Operating Trains 4 Chance 0% @1;
2% @ 2;
40% @ 3;
Wr@4
No. Spare Trains 1 Chance 50% @0;
SN%@El
Sorbent Cost $5.00/1b -1/2 Normal (25 %)
Methane Cost $4.50/mscf 1/2 Normal (25 %)
Ammonia Cost $150/ton Uniform $150-225/0n
Sulfuric Acid Cost $40/ton ~1/2 Normal (30 %)
Sulfur Cost $125/t0n <172 Normal (B0 %)
Absorber Direct Cap. Cost (cale) Uniform 1.0x - 1.5x
Solids Heater DOC (cake) Uniform 1.0x - 1.5x
Regenerator DOC (cakc) Unpiform 10x - 1.5x
Solids Transport DOC (cak) Uniform 1.0x - 2.0x
Sulfur Recovery DCC (cak) Uniform 1.0x - 1.2x
Total Capital Cost (cak) 1/2 Narmal (10 %)
Eabric Filter
Air-to-Cloth Ratio 2.0 acfm/ft2 -1/2 Normal (10 %)
Bag Life (cak) Normal (25 %)
Energy Requirement (cakc) Normal (10 %)
Bag Cost $0.80vfe2 Normal 5%)
Operating Cost (calc) Normal (15 %)
Total Capital Cost (cak) Normal (15 %)
Solid Waste Di I
Land Cost $6,50(Yscre Normal (10 %)
Direct Cost {cakc) Normal (10 %)
Operating Cost (cak) Normal (10 %)

2 For uniform disributions actual values are shown. For triangulsr distributions, endpoints snd median sre
shown. For chance distributions, the probabilities of obtaining specific values are shown.

b As part of integration of the copper oxide process with the base power plant, the plant air preheater is resized to
maintain &n exit flue gas temperature of 300 OF,



in changes in their uncertainty distributions (such as the mean or standard deviation) and, in turn,
in the overall uncertainties of the technology. Therefore, it may be fruitful to reduce the
uncertainties of key variables that contribu‘e most to the risk of technology failure.

The key parameter uncertainties h::ve been identified primarily by estimating correlations
between the primary cost results, such as total levelized revenue requirement, and the copper oxide
process input uncertainties included in Table 4. Correlations provide a measure of the linear
dependence of one distribution on another; nowever, there are some non-linear relationships in the
model, such as between sorbent flow rate ar:d regeneration efficiency. Scatter plots can be used to
visually identify non-linear dependencies that may not be well-characterized by correlation
coefficients.

The factors which contributed most :0 uncertainty in the total levelized process cost were
uncertainties in sorbent attrition, regenerati- n efficiency, and copper-to-sulfur molar ratio, with
correlations of 0.55, -0.41, and 0.41, resy -ctively. Uncertainties in sorbent cost and plant
capacity factor also were significant. S itter plots did not reveal any strong non-linear
dependencies. These results suggest that firther research on the copper oxide process should
focus on improving understanding of sorbent attrition, regeneration efficiency, and the variability
in the copper-to-sulfur molar ratio required to chieve a given SO7 removal efficiency.

CHARACTERIZING UNCERTAINTY N CAPITAL COSTS

In deterministic costs estimates, a contingency is used to represent additional costs that are
expected to occur, but that are not included explicitly in the cost estimate. Contingency factors are
typically simple multipliers that are applied to installed equipment costs after process area costs
have been estimated without regard to their uncertainty. The Rand Corporation conducted a survey
of 18 companies in the chemical and petroleum industries to determine the actual methods used to
develop contingency factors (Milanese, 1987). The study indicates that contingency factors are
often badly under-estimated. Rand recommencs greater and more formalized use of experience,
the use of a "delphi" technique to get multiple expert inputs, and the inclusion of costs agsociated
with risks and innovation.

A probabilistic modeling approach supplants the traditional contingency factor approach by
incorporating expert knowledge about uncertainties explicitly and at a more disaggregated level
(e.g., for specific performance and cost parameters). Furthermore, while simple contingency
factors provide no explicit insights into the specif:- performance or cost parameters that contribute
most to the process technical and economic risks, a probabilistic approach permits identification
and ranking of the uncertain parameters that contributz most to the overall uncertainty, as discussed
above. Because the uncertainties contributing to "contingencies” are considered at a disaggregated
level, more realistic estimates of performance and cost will generally result.

The Electric Power Research Institute (EPRI) uses two types of contingency factors:
project and process contingency (EPRI, 1986). The "project” contingency is intended to cover the
costs of additional equipment or other costs that v ould result from a more detailed design of a
definitive project at a specific site. This implies th:: as costing proceeds from a preliminary to a
detailed final estimate, the project contingency facto: should be reduced. In the present analysis, a
project contingency of 25 percent is assumed far the ~opper oxide process, based on an estimate by
Science Management Corporation (1983). The "pro :=55" contingeacy is intended to quantify the
additional costs expected due to uncertainty in the techuical performance and commercial scale cost
of a new technology. This contingency factor is reduced as a technology procesds from bench
scale to full commercial use. However, there is little substantive discussion of how these factors

should be aerived.




_ The contingency factor can be defined as the value that adjusts the deterministic estimate
(without contingency) to some specified fractile of the probabilistic estimate. Typically, some
"best estimate” value from the probabilistic analysis, such as the mean or the median, would be
- used. However, if there is significant risk aversion on the part of an investor, who may want to
minimize the chance of a cost over-run, then an upper fractile from the probability distribution®
(e.g., 90th percentile) may be used.

An example of this type of analysis is shown graphically in Figure 3, which shows the
results of a probabilistic analysis of the capital cost of the copper oxide process. The mean value
of the distribution was $111 million. For a compietely deterministic case using nominal values
with no contingencies the cost was $74 million. Thus, the mean value of the probabilistic analysis
corresponds to a deterministic overall contingency factor of 80 percent or a 55 percent process
contingency, assuming a 25 percent project contingency, as illustrated in Figure 4. The probability
of an overrun at this contingency factor was 45 percent.

_ The contingency factor estimated in this fashion is significantly higher than assumed in
previous analyses (SMC, 1983). Contributing factors to the difference are the uncertainties
assigned to the regeneration efficiency and the capital costs for each major process section, which
are skewed. The difference is not surprising, since the previous contingency was based on a rule-
of-thumb, rather than a detailed probabilistic risk assessment. The fact that the original estimate
seems to be low is also supported by the results of the Rand study, which indicates that
contingency factors are generally grossly under-estimated, especially early in process development.

SELECTING DESIGNS FOR COMPARATIVE ANALYSIS

Before comparing the copper oxide process to an FGD/SCR system, an analysis of
performance and cost trade-offs was done to select values of key design parameters such as
fluidized bed height, air preheater size, weight percent of copper in the sorbent, and suifur
recovery option. Furthermore, the model was used to identify potential market niches where
process costs are likely to be low, such as for certain coal characteristics (including coal cleaning).

The evaluation of design trade-offs must consider performance and cost interactions
between the control technology and the balance of the power plant system, in addition to
interactions within the technology itself. Thus, comparisons between copper oxide design
alternatives were made on the basis of total pollution control system costs, which are exclusive of
the base plant and include SO2, NOy, and PM removal, solid waste handling, and coal cleaning.
Any emission control system-related changes to the base plant are charged to the pollution control
system. As a result, interactions between components of the pollution control system and between
the pollution control system and the base plant are integrated into the analysis. Furthermore,
because design decisions may be affected by process uncertainties, the analysis was based on
probabilistic estimates of the costs associated with various design decisions. The details of this
analysis have been reported elsewhere (Frey, Rubin, and Salmento, 1989). Two examples will be
summarized here. :

One process integration issue is the recovery of energy added to the flue gas by the
exothermic reactions in the fluidized bed absorber. A deterministic "best guess" analysis indicated
that there was an overall cost penalty to enlarging the air preheater. However, a probabilistic
analysis indicates that an enlarged air preheater does provide an overall cost savings. The
difference in results is due to the skewness of many of the distributions assigned to key parameters
in the probabilistic model. Furthermore, the mode! accounts for downstream effects, such as the
size of the fabric filter, which are often neglected by process developers. The cost of the fabric
filter is reduced by the larger air preheater, because the fabric filter inlet flue gas temperature, and
the corresponding volumetric flue gas flow rate, are reduced.
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The effect of coal cleaning on process costs also is an important consideration in
comparative analysis. Because many of the costs of the copper oxide process are sensitive to
sorbent flow rate, which in turn is proportional to the coal sulfur content, a reduction in the coal
sulfur content through coal cleaning can reduce the costs of the process. In contrast, the
FGE{;SCR system é::lomprised of two separate reactor vessels for SO2 and NOx control, both of
which are proportional in cost primaril ily to the flue gas flow rate and not significantly influenced b
coal cleaning. Figure 5 shows the mean levelized pollution control costs of each component of thz
copper oxide emission control system associated with various levels of coal preparation for an
Illinois No. 6 coal. The figure illustrates the strong relationship between copper oxide process
costs and coal sulfur content, and the incremental costs associated with coal cleaning. For medium
and Jow sulfur coals, the increased costs of coal cleaning are larger than the reduction in process
costs.

. 25

S ; Ilinois No. 6 Coal

%; 20 -

Ug ™ .

:Ozé 15 - Coal Cleaning
‘EE [0 Solid Waste

:5‘3 Bl Fabric Filter
-§z‘ 10 ~ Z CoppcrOxidc
$§

53

g

=

0% 10 % 20 % 30 % 40 %

Coal Preparation Plant Sulfur Reduction (Ib/MBtu)
Figure 5. Mean Levelized Pollution Control Cost vs. Sulfur Reduction From Coal Cleaning

In the remaining comparisons of FGD/SCR and copper oxide systems, optimal levels of
coal cleaning for both will be used. These are no coal cleaning for FGD/SCR systems and copper
oxide systems with the Pittsburgh coal, and 30 percent coal sulfur reduction for copper oxide
systems with the Illinois No. 6 coal.

COMPARATIVE ANALYSIS: COPPER OXIDE VS. FGD/SCR

Based on the identification of copper oxide process design issues, four case studies
involving probabilistic comparison of copper oxide and conventional environmental control
systems were made. These comparisons were made for optimal levels of coal cleaning and for
both sulfuric acid and sulfur recovery options. Probabilistic comparison of the pollution control
cystems provides information about the likely cost savings that can be achieved by the new
process, as well as the risks that the new technology may be more expensive than existing

technology.

Because many of the input parameter distributions are common to both systems (¢.g.,
ﬁnmdﬂm%ﬂmplthu,mﬁdm&dispomLmdmoﬁam),mmism
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géneral ppsitive correlation between the cost distributions for the two systems.) Therefore, in
determining the distribution for the cost differences between the copper oxide and FGD/SCR
systems, the samples for the distributions of the costs of each system were paired.

Figure 6 shows differences in levelized pollution control costs between FGD/SCR an:
copper oxide systems for two coals and the two sulfur recovery options. In all cases, the copper
oxide process is most likely to be less expensive than the FGD/SCR system; however, for the
higher sulfur coal there is a substantial risk that the copper oxide process will be more expensive.
Taking the case with sulfur recovery as an example, there is nearly a 30 percent probability than the
new process will be more expensive than conventional technology, based on the levelized costs.

1.0

2 081

%

[~]

'g 0.6
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Levelized Pollution Control Cost Savings, Constant 1985 Mills/K'Wh

Figure 6. Comparison of Levelized Pollution Control Cost Savings for Copper Oxide versus
FGD/SCR Systems: Effect of Coal and Byproduct Recovery Option

The risk that the new technology will be more expensive can be quantified using the partial
mean of the cost difference distribution for all negative values. The downward and upward partial
means are defined as (Buck and Askin, 1986):

My(x) = f x f(x) dx (1)

Mo(x) = f x f(x) dx @)

where f(x) is the probability density function for the random variable x. In our example, the
downward partial mean is -0.8 mills/kWh and the upward partial mean is 2.5 mills/’kWh. These

1 In this exampile, the correlation between the uncertainty distributions of levellzed poliution control costs
for conventional FGD and advanced copper oxide/sutiuric acid systems is estimated to be 11 percer for
optimal levels of coal cleaning with the Jliinois No. 6 coal.
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sum to the distribution mean. Buck and Askin define the conditional partial mean based on the
partial mean and the probability that a loss or gain has occured. The expected value of a loss,
given that a loss has occured, is:

Ha(x) \
Mdix<0(X) m 3)

where P(x<0) is the probability that the random variable x has a value less than zero. The expected
value of a gain, given that a gain has occured, is defined similarly. For our example, the expected
value of a loss is 2.8 mills/kWh if a loss occurs, and the expected value of a gain is 3.5 mills’kWh
if a gain occurs. ‘

The information provided by this analysis can be used to answer questions about the risks
and potential pay-offs of the new technology compared to conventional technology. While the
copper oxide process is unlikely to he commercialized for another 5 to 15 years, process research
will ultimately be used by potential #dopters to make a decision about what emission control
system to use for a specific application. Therefore, it is reasonable to look at the decision a
hypothetical adopter would make with currently available information vis-2-vis information
expected to be yielded from resesrch over the next several years.

The opportunity loss from a hypothetical decision to adopt the copper oxide process is
given by the downward partial mean (Moore and Chen, 1984). The downward partial mean is the
same as the expected value of perfect information (EVPI) for the case where the loss function,
L(x), of a potential adopter is represented as linear for all negative outcomes and zero for all
postive outcomes, i.e.: '

Eruxnnfux) fx(x) dx @)

where,
L(x) = {3: ::8 | )

The downward partial mean is the maximum amount that a decision-maker (with the given loss
function) would be willing to pay to obtain perfect information that would be used to avoid the
downward risk. Although research is unlikely to completely resolve uncertainties, research which
leads to a reduction in the probability of a loss through process improvements, or which provides
insight into situations in which FGD/SCR systems are less expensive, has value as "information”
to a potential process adopter. The value of information is one measure by which to bound the
expenditures on research, development, and demonstration.

CONDITIONAL EXPECTED VALUE OF ADDITIONAL RESEARCH

While additional research may reduce the downward risk of a new technology, it can also

jead to incremental improvements in the new technology which would, in turn, increase the

ted value of cost savings compared to conventional technology. The value of research may

thus be estimated based on the incremental increase in the expected cost savings of the new
technology comparedwcmrwtinfmﬁon,mhummsedmﬁwmdwﬁmindownsideﬁsk

Several factors must be considered in determining the value of research. First, judgment is
mquimdtoestimmthelﬂmlymultsﬂomamcheﬂm The value of research depends also on
the circumstances of actual adoption of the new technology, which determines the ultimate cost
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savings compared to other technology. Judgment is required regarding the likely plant sizes,
byproduct markets, coal characteristics, and other influencing factors that will face the new
technology. It is unlikely that any single cost estimate can be used for such an analysis; rather,
several case studies representative of different applications may be required. A third factor
influencing the value of research is the possibility of simultaneous improvement in information
about or design of competing processes. Therefore, any prior estimate of the value of research is
conditioned on the judgments regarding research results, technology diffusion, and improvements
in competing processes.

In this analysis, the primary emphasis is on estimating the effect of possible research
results on the comparative costs of the copper oxide process versus FGD/SCR systems. It is
assumed that research can reduce the uncertainties about several key process variables, and thus
provide "imperfect information"! about the technology. Because the key uncertainties in process
cost have been identified to be related to regeneration, solids transport, and the stoichiometric
copper-to-sulfur ratio, it is assumed that new research would be focused on these areas. Table 5
shows illustrative assumptions made about the possible reduction in uncertainties in several
variables from new research. More study of the regenerator, solids transport system, and absorber
could reasonably be expected to reduce uncertainties regarding regeneration efficiency,
regeneration temperature, the equipment costs for the regenerator and solids transport system,
sorbent attrition, and the copper-to-sulfur molar ratio.

Four case studies are used to illustrate that the value of research results is conditional on
actual applications, although no attempt is made to actually forecast the diffusion of the copper
oxide process into commercial use. For the sake of simplicity, it is assumed that the FGD/SCR
pollution control system is relatively mature, and that, as an approximation, there will be no
incremental improvemerts in FGD/SCR system costs. ‘

Table 5. Case Studies for Reduction in Copper Oxide Process Uncertainties Due to Research

Values (or ©
as % of mean)
Probability
Model Parameter Nominal Value  Distribution  Prior to Research Aﬁu Research
Regenerator
Regeneration Efficiency 9.2 % -1/2 Normal (20 %) 5 %)
Regeneration Temp. S000F Normal 2%) o {1%)
Regen. Direct Capital Cost - {cakc) Uniform 10x - 1.5x 1.1x - 1.4x
Solids Transpont
Sorbent Attrition 0.06 % Normal 41 %) (10 %)
Solids Trams. Dir. Cap. Cost (calc) Uniform 1.0x - 2.0x 1.1x - 1.8x
Absorher
Standard Ermror, Cw/'S Ratio 0 Normal o =039 Ce02

1 As opposed to perfect information, which would remove all uncertainties and would allow a potential
process adopter tge avoid any loss in selecting between FGD and copper oxide systems.

14



Results for the case study involving the Illinois No. 6 coal and elemental sulfur recovery
are shown graphically in Figure 7 for v ulized total pollution control costs. The figures show the
cost differences for copper oxide vetsus FGD/SCR systems based on current information, and
selected results for the difference based on information from further rescarch. The assumptions
about additional research reduced the variance of the cost difference distributions, but also reduced
the skewness (due to assumptions about the regeneration efficiency). Thus, the assumed research
outcomes have reduced the downside risk of the new technology and increased the expected cost
savings. .

1.0 __W—_‘
]
o 0.8
8
: 2 0.6 4
o Research Area
> i .
fe 04 - 4 e Baseline
g . Iy ——o—  Absorber
S et Regen. & Solids
02+
SR All
0.0 I s 4 T Y ]
-15 -10 -5 -0 5 10. 15. 20 - 25

Cost Savings, Constant 1985 Mills/kWh

Figure 7. Levelized Pollution Control Cost Savings for Copper Oxide/Sulfur Plant
System, Washed Illinois No. 6 Coal: Effect of Illustrative Research Outcomes

‘The results from additional research for all four cases are summarized in Table 6. Note that
while the cost difference between the copper oxide process and the FGD/SCR system were
obtained as continuous probability distributions, the uncertainties in cost savings were represented
in Table 6 as discrete outcomes (i.c. loss or gain) using the statistics discussed previously. These
statistics include the probability that the copper oxide process was more expensive than an
FGD/SCR system, the downward partial mean, the downward and upward conditional partial
means, and the mean for the entire cost difference distribution. The hypothesized research results
reduced the downward partial mean of the cost differences for all cases, and therefore reduced the

risk of an opportunity loss to a potential process adopter.

The mean cost difference with more research for all targeted process areas was higher than
for current estimates. It can be seen in Table 6 that the value of research in terms of cost
improvements was significantly greater than the reduction in downside risk. Thus, the value of
research may be greater than the EVPI discussed previously because of improvement in expected
cost savings, as well as reduction in downside risk.

To complete an estimate of the value of research requires some forecasting of technology
diffusion. The four case studies indicate the variability of the value of research for different types
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Table 6. Results of Research Information Case Studies: Comparison of
Levelized Total Pollution Control Costs for Copper Oxide versus Conventional

FGD/SCR
Downward Expected | Expectad Reduction Value
. Partial Value Value ' in of
Probability Mean ofaloss ofaGain - Mean Risk  Research
of a
Research Area Loss (%) (mills/kWh)

027 1.7 4.6

15 3.6 .- .-
Solids Transport 10 -0.13 -14 42 3.6 0.14 0.0
Absorber 9 -0.16 -1.8 48 4.2 0.11 0.6
Regeneration 7 -0.09 -1.3 48 44 0.19 0.8
Regen. and Solids Trans. 2 -0.02 -1.1 4.5 4.4 0.2 0.8
All 0 0 0 5.1 5.1 0.27 1.5
Sulfur R Washed Tllinois No. 6.Coal
‘Baseline 29 -0.81 -2.8 35 1.7 .- --
Solids Transport 17 025 -1.5 KN 2.8 0.56 1.1
Absarber 11 023 2.0 4.1 34 0.58 1.7
Regeneration 18 - 028 -1.6 38 2.8 0.53 1.1
Regen. and Solids Trans. 17 -0.17 -1.0 37 2.9 0.64 1.2
All 0 0 0 43 4.3 0.81 2.6
Baseline 1 > 0.01 .3 5.6 55 .- .-
Solids Transport 1 > 001 0.3 5.6 5.5 0 ~0.0
Absorber 1 > <0.01 0.5 59 59 0 04
Regeneration c 0 0 6.0 6.0 < 0.01 0.5
0 0 0 6.0 6.0 < 0.01 0.5
0 0 0 6.4 6.4 < 0.01 0.9
Baseline 2 > -0.01 04 52 5.1 -- --
Solids Transport 1 > 0.01 0.4 52 5.1 0 ~0.0
Absorber 2 > -0.01 0.3 5.6 5.5 0. 04
Regeneration <1 > <0.01 > <01 5.6 5.6 0 0.5
Regen. and Solids Trans. 0 0 0 5.6 5.6 < 0.01 0.5
All 0 0 0 6.0 6.0 < 0.01 0.9

16



" of applications. Other factors discussed in previous sections, including plant size and capacity
factor, will also influence the level of funding that can reasonably be commuitted to research.

IMPLICATIONS FOR RESEARCH PLANNING
The data summarized in Table 6 can be used to answer a number cf questions such as:

Is one technology preferred over another?

Is additional research merited?

‘What should be the research strategy?

How much is additional research worth?

Under \\‘rz)hat conditions does the decision strategy change? (How robust is the decision
strategy .

e 6 &6 o o

These questions can be answered using decision analysis as an analytical tool for evaluating
alternative technology options and research strategies. The discretization of the continuous
probability distributions for the cost savings of the copxpcr oxide process compared to an
FGD/SCR system, given in Table 6, facilitates the use of relatively simple decision trees to
evaluate research strategies. An example of such a decision tree, based on the case with high
sulfur coal and elemental sulfur recovery, is given in Figure 8. In this example, the decision
analysis is based on a single attribute of cost savings compared to the conventional FGD/SCR
system. First, we will consider decisions based on expected cost savings, and then briefly
consider a more detailed decision model incorporating the nisk attitudes of a decision maker and the
time value of researchk gutcomes.

The tree in Figure 8 includes three general decisions. The first is a choice between the
copper oxide process based on current knowledge of the process and the FGD/SCR system. In
this example, the copper oxide process without additional research is shown to have a positive
expected cost savings compared to the conventional FGD/SCR system, based on current
information. A second decision is regarding obminin!g ect information that would resolve all
downside risks of the new process. The elimination wnaside risk increased the expected value
by 0.81 mills/kWh, and this is the measure of the EVPL Athirﬂtypcofdecisionis that regarding
further research and devel of the process as discussed previously. As can be seen in Figure
8, and as summarized in Table 6, the expected values of the research options are larger than for the
current state of knowledge, indicating that additional research is merited. The most fruitful
research strategy in this casc appeared to be for all three major process areas considered in the
analysis. Such a strategy increased the expected value of the process, compared to current
information by 2.6 mills/kWh; this is the basis for bounding the amount of moncy that should be
spent on further research. These differences are summarized in Table 6 as the "value of research.”

The decision model can easily be refined to consider the risk attitude of a particular decision
maker using expected utility, rather than expected cost savings, as the basis for decision making.
Utiliryisammofﬁxcpasomlvﬂncadaciﬁmmhug]&mmupwiﬁcoumc,mditmy
differ from the monetary value of the outcome (Dawes, 1988). Furthermore, because the results of
research may not be obtained for 5 to 15 years, the time value of the outcomes can be modeled
using discounting. One possible utility function for such a decision model is thns:

_ [ x@n) - xyn) P
W)= |Gy - ) ©
where,

x - discounted outcome of a given alternative

i = discount rate

n = time period (years)
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Cost Savings

(mills/kWh)
Buy FGD/SCR -'—'-—'f;—
"EV=0 0.2
. p=0. -
Buy CuO "As Is" C:) 2.81
EV = 1.65 —
1-p=0.71 3.47
Buy FGD/SCR 0
~ p=029 !
Buy "Perfect Info.” 'ﬁ' Buy CuO -2.81
EV =236 , Buy FGD/SCR 0
1-p=0.79 v
Buy CuO
= 3.47
p = 0.18 1.55
Research Regenerator )
EV = 2.85 -p=0.82
Lp=0f 3.81
p=0.17
Research Solids T-ans. | -1.48
EV=283 cD=
1-p=0.83 371
p - 0.11
-1.99
Research Absorber 19
= 4 co=
EVe. 45 1-p=0.89 412
p=0.0
Research All N/A
TP 1.pmt
1-p=100 4.34
EV = Expected Value of Zost Savings [] Decision Node
p = Probability of a Loss (O Chance Node
Figure 8. Decision Tree {. - Oxide Process Research Planning:

Example for Illinois N .. 6 and Elemental Sulfur Recovery
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= discounted lower limit of x for all alternatives
discounted upper limit of x for all alternatives
= risk attitude exponent

o'y x
€

For a risk neutral decision-maker, b=1. A risk averse decision maker prefers a sure outcome over

an alternative with a slightly higher expected value and a risk of a loss. Thus, a risk averse

decision maker tends to be "conservative." For a risk averse decision maker, b<l. Conversely, a

risk seeking decision maker is willing to forfeit an increase in expected value to play a riskier

game, and in this case b>1. The utility function is plotted for normalized values of x and selected

:lses_ofbmﬁgm& A nominal value of b=0.6 (risk averse) was used in the expected utility
ysis. '

PN
=
-
2
=
Ll
»oocamows m

n 0.0 0.2 04 0.6 08 1.0
Normalized Value of Outcome,
Figure 9. Power Utility Function

The effect of discounting the outcotnes of research is to reduce the expected utility of these
outcomes. For the Illinois No. 6 coal and elemental sulfur recovery case, the research option for
allareasispmfuredbyaﬁakavuscdedsimmnkaifthepayoﬁﬁommwcbisobmﬁnedvdmin
10 years at a discount rate less than about 20 percent. If the pay-off from research is not available
for another 20 years, the discount rate would have to be less than 10 percent for the strategy to
have the highest expected utility. Research results for the copper oxide process could reasonably
be expected in the next 5 to 15 years. Thus, the best research strategy for high sulfur coal
applications is to wait for the results of further research. Only an extremely risk seeking decision
makerwonldchoosewmtmecoppwoxidemss"nsu”. For the medium sulfur coal, the
mbm;mmy,mmmmmmmmdmmﬁlmmhmmﬁ,kmm
the copper oxide process "as is". 2

Fahighsnlfmcmﬂelmmlsmmmomy:ppﬁuﬁm.ﬁwdeckimmddmbeuwd
to bound research expenditures, Using vahie as the basis for the decision, the expected
value of research in all areas is 2.7 mills/kWh higher than the expected value of the process as 1.
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This is equivalent to a savings of about $7 million per year for 500 MW power plant at a capacity
factor of 65 percent. For the decision analysis based on expected utility, the equivalent value of
research is about $5 million per year. The actual amount to be spent on research depends on how
many and what size power plants would be expected to use the copper oxide process with a high
sulfur coal and elemental sulfur recovery.

The above example indicates the sensitivity of decisions not only to the outcomes from the
engineering process models, but also to the assumptions made in the decision model.

COSTS OF DEMONSTRATION

A remaining question is whether the types of results expected from research can be
achieved at a cost consistent with the estimated value of the research. Therefore, it is important to
consider the costs incurred in developing a technology from an idea to a demonstrated system. Of
all the costs of research, development, and demonstration (RD&D), the first-of-a-kind plant costs
are by far the most expensive. The Rand Corporation has conducted a mumber of studies
regarding cost growth for first-of-a-kind plants based on a database containing 106 cost estimates
prepared, at various stages of development, for 44 chemical process plants. From the database, a
regression equation for capital cost growth from the cost estimate to actual plant costs was
developed, based on factors such as the detail of the cost estimate, and the complexity and newness
of the technology (Hess, Merrow, and Pei, 1987). Application of the regression equation to the
copper oxide process indicates capital cost growth of a factor of 2.3 can be expected for the first
plant compared to a deterministic cost estimate without contingency. The implication of this result
is that any cost differences between different process applications will be magnified for the
demonstration plant. For example, using the nominal deterministic performance and cost
assumptions in Table 4 and the capital cost growth factor derived from the Rand model, the capital
cost of a 125 MW copper oxide demonstration unit with an unwashed Illinois '<o. 6 coal was
estimated to be $56 million. For an unwashed Pittsburgh coal, the estimated cupital cost of a -
demonstration unit of the same size was $9 million less expensive. The value of research must be
weighed against research costs, including the first-of-a-kind demonstration plant.

CONCLUSIONS

A probabilistic engineering model can be used during the research phase of a technology to
provide insights into important design trade-offs and key uncertainties. Application of such a
model for the fluidized bed copper oxide process was discussed, which captures interactions
among key process areas, and between the copper oxide process and other components of the
power plant and emission control system. In some cases, the integrated model provided insights
into performance trade-offs that were contrary to common assumptions, and the incorporation of
uncertainty resulted in different results that deterministic analysis in the case of power plant air
prehe-ter sizing.

Probabilistic cost comparisons between conventional and advanced technology can be used
to estimate the likely cost savings and the risks of a new technology. Judgments about the
outcome of further process research can be combined with probabilistic modeling to estimate the
value of research information to a potential process adopter, and to estimate the cost-savings from
process improvement, The value of the research, coupled with judgment about the extent and
nature of technology diffusion, can be used to bound research expenditures. Whether research is
feasible depends also on the costs of the first commercial scale demonstration plant. Because these
costs are potentially large, care must be-exercised in the selection of an appropriate first application.
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