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EXECUTIVE SUMMARY

I.S OBJECTIVES:

The objective of this work is to develop a novel method for
purification of hydrogen from coal-derived synthesis gas. The
study involved a search for suitable mixtures of solvents for their
ability to separate hydrogen from the coal derived gas stream in
significant concentration near their crit+ical point of miscibility.
The properties of solvent pairs identified were investigated in
more detail to provide data necessary for economic evaluation and
process development.

II.S BACKGROUND STATEMENT:

In hydrogen production, separation of hydrogen from the other
constituents of raw syngas 1is expensive and highly energy
intensive. A novel, cheaper, and less energy intensive process
could here lead to substantial cost reduction. We propose to do
this by finding radically improved solvents for extraction
processes. One needs to find solvents with a greater power of
solution and higher selectivity that can be regenerated with lower
energy consumption.

Previous work suggested that a novel class of solvents should

have these desired properties. It was found that mixtures of
solvents near their critical point of miscibility exhibit strongly
improved solvent properties. Solubility for certain compounds

strongly increases near the critical composition point. This is
similar to the well-known super critical extraction with fluids at
their gas-liquid critical point, but has considerable advantages
over it, as there is no need for high pressure.

IIT.S RESULTS AND ACCOMPLISHMENTS:

The work was carried out in several phases:

ITI.S.a DEVELOPMENT OF AN EXPERIMENTAL METHOD TO MEASURE GAS
SOLUBILITIES IN A TWO PHASE LIQUID MIXTURE OF SOLVENTS.

The first phase was development of a reliable
experimental method that allows measurement of the
solubilities of different gases in solvent mixtures, being
able to measure the solubility in a two phase 1liquid
simultaneously in each of the phases. This task was completed
successfully, and led to reliable and reproducible results.

The equipment used and the method are described in the
reports.



While the equipment led to reliable and reproducible
results, it had two disadvantages that could not be overcome
within the time and financial constraints of the program. One
was the fact that measurements were slow. To get reproducibly
accurate results required significant time, more than a day
for each data point. Furthermore the system needed to be
calibrated for each new solvent which was time consuming.
Also, we were not able to reach temperatures below -20°C due
to equipment constraints. With a large and prolonged effort
these problems could have been overcome. We decided to
concentrate first on getting results and to prove that our
basic approach works. Large scale screening of solvent would
then be done in a follow up study. The fact that we could
prove experimentally the soundness of our approach and obtain
sufficient data to evaluate the idea proved that this decision
was justified.

III.S.b EXPERIMENTAL RESULTS

The experimental results based on screening a number of
promising partially miscible solvent pairs can be summarized
as follows:

1) Increased Solubility

We had originally claimed, based on our theoretical
results, that close to the critical point we would find a
maximum (or minimum) of solubility and thereby obtain solvents
with increased solvent power. We did not find such solvent
pairs. We found pronounced local maxima (or minima) close to
the critical point. There were strong deviations in
solubility compared to what one would expect from properly
averaging the solubilities in the two individual solvents
making up the mixture. While in some cases the solubility was
higher than the solvent with the higher solubility alone, the
increase was modest. However, the result that close to the
critical point the mixture behaves differently from what one
would expect by properly averaging, has very wuseful
implications in a different way. It modifies the dependence
of solubility on temperature, a result that could have very
interesting applications which will be discussed separately.
Also the impact on solubility is different for different
solutes. Thus such mixtures would have different
selectivities. Both effects were experimentally confirmed and
will be discussed in more detail in the next two sections.

For CO, and H,S, the main impurities in hydrogen
purification for coal derived hydrogen, the increased
selectivity and temperature effect are more important than an
increase in solubility. For methane removal, the solubility
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is much more crucial. Here we did not find any promising
solvent pair and we therefore concentrated on the effects of
critical solvent mixtures on CO, and H,S.

2) Increased Selectivity of Solvent Pairs With A Critical
Point of Miscibility

We also predicted based on our theoretical analysis that
some sclvent pairs will have a better selectivity than the
single solvents. This was based on the assumption that the
impact of the critical point on solubility will be different
for different solutes. If this is so one could hope to find
solvent pairs in which there is a significant increase in
selectivity.

Regretfully, the same nonlinear effect also can lead to
a decrease in selectivity. We found examples of both cases.
The most interesting results are summarized in Table S.1 and
Fig. S.1. We note that the effect is significant and quite
large. It not only occurs close to the critical point but
also close to the concentration limit for complete miscibility
which has similar properties. This opens up new avenues when
searching for better solvents. It also allows modification
and improvement of presently used solvent systemns. For
example for NMP, the solvent used in the Purisol Process, a
20% addition of dodecane improves selectivity by 25%, a
dramatic improvement of significant economic value. Much more
work is needed here to search for optimal systems. What is
important for us is to prove the existence of the effect, and,
in this research, this was completely successful. This is
also an unanticipated important scientific achievement with
wide implications for other systems. A patent is being filed.

3) Temperature Sensitivity Of The Solubility In Critical
Solvent Mixtures

We noted before that the impact of the critical point
phenomena on solubility should lead to a change in the
temperature sensitivity of the solubility. Again the change
could be in either direction. Table and Fig. S.2 summarizes
the results (solvent mixtures investigated with 1low
solubilities are not reported here).

Again we note that the effect is clearly proven much
significant, and as expected can either be positive or
negative. This again is an important, totally novel
scientific development, as to our best knowledge, it has never
been reported before.



Table S.1 Selectivity for hydrogen sulfide with respect to carbon
dioxide in pure solvents and in critical solution
mixtures at 1 atm gas partial pressure

Solvent Temperature Selectivity Selectivity Ratio
O¢c Solubility Ratio Mixture/Pure
H,S/CO, Solvent

Acetonitrile 15 "3.50 1.203
Water 15 2.796 1.506
Acetonitrile

& Water 15 4.212
NMP 78 8.711 1.582
Dodecane 78 2.561 5.383
NMP & Dodecane 78 13.785
NMP 20 13.131 0.817
Methyl-
Cyclohexane 20 5.517 : 1.946
NMP & MCH 20 10.733
NMP 55 11.794 0.728
Heptane 55 2.523 3.405
NMP & Heptane 55 8.59
Methanol 0 4.00 2.049
Toluene 0 8.043 1.019
Methanol &
Toluene 0 8.197
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Table S.2 Temperature sensitivity of the solubility in critical solution mixtures.

Solvent Solute Temperature Solubility' Solubility S.R. (mixt.)

(gas) Low, High at T,, at T, Ratio S,/S, S.R. (pure)
T, T, S, S,

Acetonitrile co, -5 15 11.56 8.72 1.33 1.56

Acetonitrile

& Water 8.0 3.87 2.07

Acetonitrile H,S 5 20 33.68 26.68 1.26 1.23

Acetonitrile

& Water 21.44 13.85 1.55

N-Methyl-pyr-

rolidone(NMP) CO, 35 78 3.65 1.80 2.03 0.70
NMP &

Dodecane 1.20 0.84 1.43

NMP H,S 35 78 47.82 15.68 3.05 0.57
NMP &

Dodecane 20.20 11.58 1.74

NMP co, 1.0 50 5.50 2.70 2.04 1.05
NMP & Methyl-

cyclohexane 5.10 2.39 2.13

NMP H,S 20 60 62.80 23.59 2.66 1.21
NMP & Methyl-

Cyclohexane 45.08 13.99 3.22

NMP co, 20 70 4.76 2.05 2.32 1.20
NMP & Heptane 3.25 1.317 2.78

NMP I&S 20 70 62.80 19.61 3.20 1.20
NMP & Heptane 35.55 9.24 3.85

Methanol 62.00 15.90 3.90 0.71
Toluene }QS -16 20 58.20 18.60 3.13 0.89
Methanol &

Toluene 60.50 21.80 2.78




Table S.2 (Cont'qd)

Solvent Solute Temperature Solubility' Solubility S.R. (mixt.

(gas) Low, High at T,, at T, Ratio S,/S, S.R. (pure)
T, T, S, S,

Methanol Co, -16 20 12.61 4.16 3.03 0.76

Methanol & '

Toluene 7.04 3.07 2.29

Lutidine co, 5 50 7.34 3.07 2.39 2.08

Lutidine &

Water 6.65 1.34 4.96

(1) Volume of the gas at standard condition over solute-free solvent

volume.
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4) Desolubilization Of Gases By Mixing Of Solvents

One aspect of operating close or across a critical point
is that strong changes occur over a narrow
temperature/pressure range with small inputs of energy. This
is the basis of many processes in supercritical extraction
using single fluids. Our work showed that in some cases there
is a similar phenomenon here that can be utilized for
developing a novel separation proccess.

This process, explained in detail in the report, is
schematically explained in Fig. S.3. Fig. S.3 gives an
example of CO, removal based on the system acetonitrile-water.
As the nonllnear effects are different for different gases,
such a removal process has a potential for high selectivity.

5) Use Of Solvent Mixture With A Iower Critical Point

Solvent mixtures with a lower critical point (in which
the mixture separates into two phases above a critical
temperature) have a special interest in the sense that here
one would expect a stronger impact on the temperature
gradient. This was confirmed by our results with a lutidine
water mixture shown in Fig. S.4. At a temperature of 50c
below the critical point, the critical mixture has a
solubility for co, practically equal to pure lutidine whereas
close to the crltlcal point it is closer to that of water.
This interesting effect has strong practical 1mp11cat10ns and
permits further investigation.

IV.S ECONOMIC VALUE OF THE RESEARCH

In the production of H, by ga51f1catlon of coal, removal of CO,
and H,S from the gasifier product is a major item in the total cost
(25% of investment and operating cost). The novel concepts for
improved solvents have a potential for reducing the total gas clean
up cost by 30%. However, considerable further work in evaluating
such solvents is required to realize this potential.
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"I. INTRODUCTION

Hydrogen from coal is produced by first gasifying the coal to
a syngas containing a mixture of CO, H,, CO,, H,S and CH,. The exact
composition of that mixture is a func 1on of;%oth coaﬁ properties
and the gasifier used. Entrained bed gasifiers do not generate any
methane, whereas syngas from fluidized bed gasifiers and moving bed
gasifiers contain substantial amounts of methane.

The syngas mixture is then shifted and then the H, is
separated from the rest of the gases (see Fig. I.1).
Alternatively, the H,S, together with some CO,, is removed before
the shift, with later removal of the CO,. A detailed review of
existing processes as given in Section II was published as a
separate topical report [Shinnar, 1989], and will only be shortly
summarized here.

Basically, there are two available options to separate the H,
from methane, one is based on steam reforming and pressure sw1ng
adsorbers using molecular sieves. All components including
unreacted methane are passed through a series of packed beds
containing molecular sieve adsorbers. All compounds excluding H,
are adsorbed and a very high purity of H, is obtained. However,
only 85% of the H, is removed. The rest is fed together with the
purge stream to the furnace of the steam reformer (see Fig. I.2).

This method at present is not attractive for producing H, from
coal gasification due to the low hydrogen recovery. The present
alternatives are either pure physical solvent processes, separation
processes based on chemical binding, or mixed solvents that adsorb
both by physical adsorption and chemical binding. [Kohl and
Riesenfeld, 1985; Qader, 1985; Whyte et al., 1983; Hochgesand,
19707} .

The next section gives a review of these processes. The
separation of H, from H,S and <CO, is costly and for present
processes contributes about 25.0 to 30.0% of total process cost
both in terms of investment and operatingcost. It is also energy
intensive. There is therefore a strong need for better
purification processes both for syngas and hydrogen production from
coal. In this contract an attempt was made to find better solvents
for physical solvent based separation processes. The basic idea
underlying this attempt is the use of a solvent mixture with a
critical point of miscibility.

Such solvents possess two attractive potential uses:

a) Near the «critical point, there are strong nonlinear
interactions that lead to maximum and minimum solubility. The
impact is different on different solutes. This can lead to

improved selectivities and a steeper temperature dependence.
b) Near the critical point small changes in temperature lead to

large changes in properties due to phase changes, which gives an
additional tool to the process designer.

12
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These properties of the critical point of miscibility are
similar to the properties of the critical point of phase transition
in single solvents, which form the basis of supercritical
extraction processes.

The goal of this contract was to investigate if these features
apply to gaseous solutes and therefore gas separation processes.
Our results show that some of these solvent pairs have properties
which should make them very interesting for gas separations.

Our report is organized in the following way. In section II
we give a short review of existing technology. Section III
‘outlines the economic incentives. Section IV explains the
theoretical concepts of critical solvents and their potential
impact. Section V describes the experimental procedure. Section
VI gives the experimental results. Section VII outlines a
theoretical approach to estimate the direction in which the
nonlinearities impact on solubilities of different gases near the
critical point. This allows more efficient screening for solvents.
Section VIII discusses their impact on process design as well as
the work needed for bringing the technology to a stage where it can
be implemented on a full industrial scale.

15



TII. REVIEW - EXISTING ACID GAS TREATING TECHNOIOGY

Absorpticn is probably the most important and most common gas-
purification technique. It involves the transfer of substance from
the gaseous to the liquid phase through the phase boundary. The
absorbed material may dissolve physically in the liquid (physical
solvents) or react chemically with it (chemical solvents).

II.1 CHEMICAI, SOLVENTS

Two choices are available for chemical solvent systems:
alkanolamines and alkaline salt solutions.

Alkanolamines for Hydrogen Sulfide and Carbon Dioxide Removal

Credit for the development of alkanolamines as absorbents for
acidic gases goes to R.R. Bottoms [Bottoms, 1936] who in 1930 was
granted a patent covering this application.

The two amines which have proved to be of principal interest
for gas purification are mcnoethanolamine (MEA) and diethanolamine
(DEA) . Triethanolamine (TEA) which was the first to become
commercially available, has been displaced largely because of its
low capacity, its 1low reactivity, and its relatively poor
stability. Diisopropanolamine (DIPA) [Klein, 1970] is being used
in the Adip process and in the Sulfinol process. Two other
commercial solvents are available, methyldiethanolamine (MDEA) and
diglycolamine (DGA).

A comparison of the solvents based on selected physical
properties, is shown in Table II.1l.

The basic flow scheme for all alkanolamine acid-gas-
absorption process systems 1is shown in Figure II.1. various
modifications, such as water or glycol wash for amine recovery and
a split-stream cycle to reduce the steam requirement, are commonly
used.

Selective absorption of hydrogen sulfide in the presence of
carbon dioxide, especially in cases where the ratio of carbon
dioxide to hydrogen sulfide is very high, has become the subject of
considerable interest, particularly in the purification of non-
hydrogen gases such as coke-oven gas, the products from coal
gasification processes, and Claus Plant tail gas. The early work
of Kohl [Kohl, 1951] has shown that MDEA can absorb hydrogen
sulfide reasonably selectively under proper operating conditions
involving short contact times. Additional information on selective
hydrogen sulfide absorption with MDEA or MDEA-based solutions [Crow
and Baumann, 1974; Blane and Elgue, 1981; Sigmund et al., 1981]
indicate that, with proper design, selective solvents can yield
hydrogen sulfide concentrations as low as 4 ppmv in the treated gas
vhile permitting a major fraction of the carbon dioxide to pass
through unabsorbed.

16




" Alkaline Salt Solutions for Hydrogen Sulfide and Carbon Dioxide
Absorption.

A prlme requirement for absorptive solution to be used in
regenerative CO and H,S removal processes 1is that any compounds
formed by reactlons beéween the acid gas and the solution must be
readily dissociated. This precludes the use of alkaline salts with
weak acids. Typically, the processes employ an aqueous solution of
a salt containing sodium or potassium as the cation with an anion
so selected that the resulting solution is buffered to a pH of

about 9 to 11. Sodium and potassium carbonate solutions have been
used extensively for the absorption of CO, and H,S from gas streams
because of their low cost and ready’ avalfablllty

A process that has gained broad acceptance for acid gas
removal is the Benfield Process. This process was developed by the
U.S. Bureau of Mines, at Bruceton, Pennsylvania, by Benson, Field,
and co-workers in the early 1950's [Benson et al., 1954, 1956].
Upon leaving the Bureau of Mines, Benson and Field formed the
Benfield Corporation which was later acquired by Union Carbide
Corp. The Benfield hot potassium carbonate process employs
conventional packed or trayed towers for countercurrent contact of
gas and liquid. Figure II.2 shows a process flow diagram of the
simplest configuration, a single-stage design. Research and
development work by the Benfield Corporation and Union Carbide has
significantly improved the economics and extended the applicability
of the original process. The addition of proprietary activators to
enhance the reaction kinetics and to alter the vapor-liquid
equilibrium relationship has led to reduced tower size, a greater
degree of purification, and improved thermal efficiency. Various
flow schemes were developed such as the Benfield HiPure Process,
which produces very high purity product gases [Benson and Parrish,
1974].

Since hydrogen sulfide is absorbed much more rapidly in
potassium carbonate solution than carbon dioxide, it would be
expected that the process could be made at 1least partially
selective for hydrogen sulfide. Lowering the absorption
temperature would decrease the rate of carbon dioxide absorption
without effect on the hydrogen sulfide absorption rate, thus
resulting in increased selectivity. Rib et al [Rib, 1983], showed
by operating a two stage Benfield system, that under operating
conditions investigated, over 90% of the H,S and 40% of CO, could
be removed, with about 70% of the co, retalned in the product gas.

In general, chemical absorption systems suffer from a number
of economic disadvantages in separation of feed gas containing high
levels of CO,. The conventional processes such as alkanolamine and
hot potas51um are too energy intensives and have high maintenance
costs due to the corrosive nature of the system and solvent
degradation.

17



Table iI.l

.

Physical Properties of Alkanolamines

Property MEA* DEA * TEA* MDEA* DIPA DGA* *
Mol. weight 61.09 105.14 149.19 119.17 133.19 105.14
Specific Gravity,
20/2000 1.0179 1.0919 1.1258 1.0418 0.9890 1.0550
30/20° 45/20°
Boiling Point, °C
760 mmHg 171 decomp. 360 247.2 248.7 221
50 mmHg 100 187 244 164 167 -
10 mmHg 69 150 208 128 133 --

Vapor Pressure,

mmHg at 20°C 0.36 0.01 0.01 0.01 0.01 0.01
Freezing Point, °C 10.50 28.00 21.20 -21.00 42.00 -9.50
Solubility in Water

% by weight, 20°C Complete 96.4 Complete Complete 87.00 Complete
Absolute viscosity,

cps at 20° 24.10 380(30°%) 1,013 101 196 (45%C) 26 (24°C)
Heat of Vapori-

zation, Btu/lb at

1 atm. 355 288 (23mm) 230 223 184.5 219.1

(168.5°C)

Approximate cost,

$/1lb 0.47 0.48 0.49 0.97 0.44 0.68
* Data of Union Carbide Chemicals Company
*% Data of Texaco Chemical Company, Inc.

18
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IT.2 PHYSICAL SOLVENTS

To overcome the economi~ disadvantages of heat-regenerable
reactive solvent processes several processes have been developed
~which are based on the use of essentially anhydrous organic
solvents which physically dissolve the acid gases and can be
stripped by reducing the acid-gas partial pressure. Today, the
commercially proven physical solvent processes and their solvents
are:

Estasolvan - tributyl phosphate or TBP

Fluor Solvent - propylene carbonate or PC

Purisol - N-methyl-pyrrolidone or NMP

Rectisol - methanol

Selexol - dimethyl ether of polyethylene glycol or
Selexol

Sepasolv-MPF - mixture of polyethylen: glycol dialkyl

ether or Sepasolv

In Table II.2, the physical properties of the solvents are
listed.

Of the solvents, methanol is relatlvely high in vapor pressure
at normal process condltlons and requires deep refrigeration or
special recovery methods to prevent high sclvent losses and
therefore will be discussed separately.

In their simplest form, physical solvent processes require
little more than an absorber, atmospheric flush vessel, and recycle
punp. No steam or other heat source is required. When the
absorbed gases are desorbed from the solution by flushing at
atmospheric pressure, the lean solution contains acid gas in an
amount corresponding to equilibrium at 1 atm acid-gas partial
pressure; and this therefore, represents the theoretical minimum
partial pressure of acid gas in the purified-gas stream. To obtain
a higher degree of purification, vacuum or inert gas stripping or
heating of the solvent may be employed Other ©process
modifications are being used to minimize loss of valuable gas
components, provide a relatively low temperature of operation, and
otherwise improve process economics.

Most organic solvents have an appreciably higher solubility
for hydrogen sulfide than for carbon dioxide, (see Table II.3) and
a certain degree of selective H,S removal can be attained. This
feature is of significance when the ratio of CO, to H,S in the crude
gas is so high that the acid gases cannot be processed in a
standard Claus unit. By removing essuntially all of the H,S and
only a portion of the carbon dioxide, this ratio can be lowered
sufficiently to permit normal processing in a Claus plant.

The operation of a typical solvent process is illustrated in

the schematic flow diagram shown in Figure II.3. This example
incorporates three possible modes of solvent regeneration, i.e.,
simple flashing, inert gas stripping, and heat regeneration. 1In

addition, a split-stream cycle is shown (broken line) which can be
used for bulk removal of acid gases with partially stripped
solvent, followed by final purification with completely regenerated
solvent.
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Lets now summarize the commercially proven physical solvent
processes:

The Fluor Solvent Process

The Fluor Solvent Process, which is licensed by the Fluor
Corporation of Los Angeles, was first described (Kohl, 1960) in
1960. Although several solvents have been covered by patents, only
propylene carbonate has so far been used commercially. 1In 1975,
the process was reported to be in use 1in ten commercial
installations (Anon, 1975).

1

The Purisol Process

This process which was developed by Lurgi Gesellschaft fur
Warme and Chemotechnik m.b.h. of Frankfurt, West Germany, is
presently being used in four commercial installations, two treating
natural gas and two in hydrogen plant service (Anon, 1975).
Discussion of the basic features of the process and of its
application have been presented in several papers (Hochgesand,
1970; Bevon and Roszkowski, 1969). The solvent used in the Purisol
process is NMP, which has an exceptionally high solubility forl{S,
thus, it is partlcularly suitable for selective H,S absorption in
the presence of CO,.

The_Selexol Frocess

This process, which was developed by Allied Chemical
Corporation and, since 1982, is licensed by the North Company, has
been described quite exten51vely in the 1literature (Sweng 1970;
Valentine, 1974; Sweng, 1976; Judd, 1978). It is used widely for
bulk removal of CO, from natural and synthesis gases and for
selective sulfur removal from a variety of gas streams. In 1984,
about 40 plants were either in operation or under construction
worldwide.

The Estasolvan Process

Disclosed jointly by Institut Francaise du Petrole of France
and Friedrich Uhde, G.m.b.H. of West Germany (Franckowiak, 1970),
the process was daemonstrated in two pilot plants, but so far no
commercial applications have been reported. The solvent used in
the Estasolvan process, TBP, is reported to have high capacity for
acid gases and good selectivity for hydrogen sulfide with respect
to carbon dioxide (Franckowiak, 1970).

The Sepasolv MPE Process
This process, which was developed by BASF of West Germany, is
quite similar to the Selexol process, both with respect to the

solvent used and its mode of operation (Walfer, 1980, 1982). It
was initially developed primarily for the selective removal of H,S
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Table 'II.2

-

Process Nama
Solvent Name

Solvent Cost $/1b
FOB Fact

Licensor

Viscosity @ 25°C, cp.

Speclific Gravisy
@ 25°C, KG/M

Mol Weight

Vapor Presuurae
€ 25°C, MM Hyg

Freezing Point, °C

Boiling Point, °C
@ 760 MM iig

Thermal Conguctivity
Btu/Hr/Ft  /(°*F/Ft)

Maximum Operating
Temp., °C

Specific Heat @ 25°F

Water Solubility
@ 25°C

Solvent Solubility in

Water @ 25°C

Ft> cO. Solubility/
u.s.’Gal @ 25°C

Number of Commecrcial
Plants

** at =25°C

Miscellaneous Comparative Data of Solvents
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Fluor Sepapolv
Sclexol Solvent Purisol MPE Eatasolvan
Selexol’ PC NMP Sepasolv TBP
1.32 .74 1.34
torton Fluor Lurg{ B.A.S.P. Uhde & IFP
5.8 3.0 1.65 - 2.9
1030 1195 1027 - 973
200 102 99 ' 320 2066
7.3 x 107% 55 x 1072 o x 107! 3.7 % 107! <10 x 1072
-28 -48 -24 -80
240 202 320 (180 @
30 M1 Hg)
0.11 0.12 0.095
175 65 - 175 -
0.49 0.339 0.40
- 94 qm/é - - 65 gn/1
- 2136 gm/} - - 0.42 gm/1
0.485 0.455 0.477 0.455 0.329
32 13 5 4 0

Rectisol

Methanol

LINDE AG
LURGI

0.6

785

32

65

0.122

0,566

1.799**

approx. 100



Table II.3 Solubility of hydrogen sulfide in solvents relative to carbon
‘ dioxide at 25°C.

Solvent

Selexol - 8.93
PC - 3.29
NMP - 10.20
Sepasolve - '6.86
TMP - 5.6
Methanol (at 25%) - 7.06
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from natural gas, but reportedly is also suitable for CO, removal
from synthesis gases.

In contrast to the other solvent processes described above,
the Sulfinol and Amisol processes employ a mixture of a chemical
and physical solvents as the absorptive medium and are, in many
respects, comparable to the chemical solvent processes described in

Section 1II.1. However, the presence of the physical solvent
enhances the solution capacity appreciably over that of the
conventional chemical solution. The solvent consists of DIPA,

Sulfolane, and water. The Sulfinol process is licensed by Shell
International Research M.j N.V., The Hague, The Netherlands and
Shell Development Co., Houston. ' The process has found wide
application in the treatment of natural, refinery, and synthesis
gases. In 1975, over 100 commercial units were reported to be in
operation or under construction (Anon., 1975).

The Amisol process disclosed by Bratzler and Doerges
(Bratzler, 1974) is similar to the Sulfinol process in that it uses
a combination of physical and chemical solvents for acid gas
removal. The solvent consists of methanol with an undisclosed
addition and MEA or DEA.

Another branch of the physical solvent processes are the Low
Temperature Gas-Purification Processes. In these processes the
crude gas is first precooled and some of the impurities are removed
by condensation. Final purification is attained by absorption of
the remaining impurities in methanol or liquid carbon dioxide.

The Rectisol Process

In this process, which was developed in Germany by Lurgi
Gasellschaft fur Warmetechnik, removal of Co,, H,S, organic sulfur
compounds, hydrogen cyanide, and benzene from synthesis gases is
accomplished by physical absorption in methanol at low temperatures
(-32°F) . Advantage is taken of the high solubility of these
compounds especially CO, and H,S in methanol at low temperatures
(see Tables II.2 and II.3). The principal advantages claimed for
the process are (a) considerably lower energy consumption than is
required in chemical solvent processes, (b) satisfactory removal of
all undesirable impurities in a single process and (c) production
of product gas with very low water content (Hoogendoorz, 1957).

The basic flow scheme of the Rectisol Process for the
treatment of synthesis gas produced by coal gasification is shown
in Figure II.4. The main disadvantages of the process are (a) its
complex flow scheme, and (b) relatively high vaporization losses of
the solvent, caused by the appreciable vapor pressure of methanol
even at 1low temperatures. If H,S has to be removed from the
feedgas, but CO, may remain in the purified gas, Selexol, Sepasolv,
and NMP are more suitable than methanol.
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The CNG Process

This process (Hise, 1982), is a joint development of CNG
Research Corporation, the U.S. Department of Energy, and Helipump
Corporation. The process, which is still in the developmental
stage, is proposed for acid gas removal from coal-derived gases
available at pressures above 300 psig and containing high
concentratlons of CO,, typically in excess of 25 mole percent The

is condensed at a temperature near its triple point (- 69° F) and
suésequently used as the solvent for the removal of H,S, CO, and
other impurities such as COS, Cs, HCN, and mercaptans A
simplified flow diagram of the process is shown in Figure II.5.

The advantages claimed for the process are complete removal of
all sulfur compounds and trace impurities, production of a gas
stream rich in H,S, production of pure CO,, low solvent flow rates,
and low energy consumptlon.
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' III. ECONOMIC INCENTIVES FOR BETTER PROCESSES FOR H, SEPARATION

The investment cost for separating H, from H,S and CO, in a
plant based on an entrained bed coal gasifier (no need for CH,
removal), varies between one-third to one-fourth of total
investment. This includes incremental offsites and utility
consumption which are also significant. A summary is given in
Table III.1. If the cost of gasification itself is reduced in the
future, either by a better gasifier or by cheaper oxygen, then the
fraction of cost incurred by the separation process is going to
increase. Further cost reduction, therefore, requires paying equal
attention to gas separation and looking for new ways to reduce the
cost. Let us, therefore, briefly summarize what these costs depend
on. There are several major items.

1) The investment in the extraction contactors is a function of
the solvent flow rate needed. High solubility of the gas is
therefore essential.

2) The stripping of the gas from the solvent has a high energy
consumption, especially for chemical solvents, and is costly.

3) To minimize solvent losses, one needs either a high-boiling
solvent or a refrigeration system. The methanol losses in the
Great Plains Plant are so high that the plant produces its own
methanol in a small methanol plant.

One way to reduce these costs significantly is to find
improved solvents, and most improvements in recent years have been
due to the development of better solvents. This work continues the
trend, introducing a totally new class of solvents. Now, what are
the crucial properties of a solvent that could 1lead to a
significant cost reduction?

A) The three compounds, H,S, CO, and CH4 have to be removed
separately. At least the gas stream coming from the H,S removal
must contain a much higher ratio of H,S to CO, than the syngas
itself. Otherw1se, the feed is not suitable for a Claus plant,

which requires at least 20% H,S in the feed, and one would have to
choose a more expensive process to convert the H,S to sulfur.

Thus, the Great Plains SNG plant used a Stretford process, due to
the low H,S content of the gas, which is not only expensive but
causes operatlng problems. The solvents must therefore be
selective, and one should be able to adjust this selectivity.

B) There should be a high gradient of solubility with
temperature. This would significantly reduce the expense of
stripping the solvent from the gas. We will later note that
some of the solvents identified in this research 1lead to
modifications of the present scheme which could lead to further
cost reductions.
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' IV. PROPERTIES OF SOLVENT MIXTURES NEAR THEIR CRITICAL POINT OF
MISCIBILITY.

a) Introduction

Let us consider a binary mixture of solvents which has a
critical point of miscibility. The meaning of such a critical
point can be explored by a phase diagram (see Fig. IV.1).

This figure describes the concentrations of components A and
B as a function of temperature. The region marked "one phase"
represents conditions of complete miscibility of components A and
B, whereas regions marked "two phase" correspond to separation into
two phases. When the phase diagram shows a maximum (Fig. IV.la),
it is called an upper critical solution temperature (UCST), whereas
a minimum (Fig. IV.1lb) corresponds to a lower critical solution
temperature (LCST).

A single fluid also has a vapor-liquid critical point. Above
the critical temperature, there is only one phase independent of
pressure. At that singular point the interaction between the two
phases is very strong. In the last twenty years it has been found
that near this critical point there are some very interesting
thermodynamic effects, [Paulaitis, et al., 1983a, Db]. The
solubility of many compounds has a distinct maximum near this
critical point and the selectivity of the liquid for dissolving
different compounds is also strongly increased. This has led to a
whole variety of new separation processes called supercritical
extraction, some of which have been commercialized. The main
drawback in using supercritical fluids is the necessity of working
under relatively high pressures [Penninger, et al. 1985]. There
are only a few suitable solvents which have critical points at low
pressures and temperatures.

The idea has been postulated (Ludmer et al., 1987) that binary
solvent mixtures near their critical point of miscibility have very
similar properties to those at the critical point of the liquid-gas
equilibrium of a single fluid. If so, they should have unique
properties for separation processes. The advantage of such
solvents over conventional supercritical extraction is that there
are a large number of such binary solvents available with critical
points of miscibility at low temperatures, and the effect is
independent of pressure. Thus, we can tailor make a solvent for a
specific application.

b) Selectivity

CST mixtures close to their critical point should also be
selective [Ludmer, Shinnar, Yakhot, 1987]. The solubility (n,) of
a solute in a binary mixture close to its immiscibility critical

point was shown to have the following form:

(n;) "~ exp(a,26%/4T?) (1)
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where 62 - the square of the order parameter is defined as
82 = 3V YF(C/1P) (2)
T = (T - T,)/T,
c =X - X

X. - denotes the critical composition

_ 8¢ ,(X,P,T)
1o 3X;

(3)

a, represents the change in the chemical potential due to
fluctuations in solvent composition.

It has been shown previously that in the vicinity of the
critical point the critical exponents have the following values:

Yy ~1.23, v ~ 0.63, B " 0.33
The scaling function in Eqg. (2) can be expanded as follows:
f(x) =1 -ax® + ..... (4)

By substituting expressions (2, 4) into (1), one obtains the
following equation:

n; ~ exp[ (13 Y-ac?t3v-1-28) @% /4 T?] (5)

From Egq. (5) it is clear that at the critical point (c=0), the
solubility has a maximum value.

Figures 1IV.2 to 1IV.4 are schematic presentations of
solubilities as predicted by expression (5). Fig. IV.2 describes
the solubility of two solutes far away from the critical point.
The next two figures describe the solubilities close to the CST.
Fig. IV.3 deals with a hypothetical example of two solute molecules
having close o values, and Fig. IV.4 with solutes having different
a values. One can see that Eq. (5) predicts that far away from the
CST there should not be any maximum in solubility, however, close
to the critical point a maximum is expected. Fig. IV.3 shows that
even for close a values, in the vicinity of the critical point the
system is selective. For solutes with different values of o, the
selectivity is expected to be pronounced (see Fig. IV.4).

The effect of temperature is best explained using equations 2
and 5. The solubility function has one minimum value at T = T, and
another minimum at 7 < 1. Between those two minima a maximum in
solubility as a function of temperature is expected. This maximum
is not at the critical point but close.

Let us now look at what available evidence and theory predict
for the solubility of a gas in a solvent mixture as a function of
composition. If one uses a mixture of two solvents, then
solubility of a solute is not simply an average of the amount
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dissolved in each solvent. If K is the Henry constant defined by
H, = pi/xi (6)

where p. is the partial pressure of the gas compound in equilibrium
with the solution and x; the molar fraction of the dissolved gas in
the mixed solution, then the solubility of the gas in an ideal
mixture and low gas concentration can be computed [O'Connell, 1971]
from

lnPIS'm = X11nl-13,1 + lenHla (7)

Where 3 denotes the dissolved gas, I and 2 the solvents, and m the
mixture. and H, 3,2 are the Henry constants in the pure solvents.
Equation (73 is derived by computing the thermodynamic potential in
an ideal mixture of two solvents with no interactions. Obviously,
a C3T mixture has strong interactions, which can be indicated by
either positive (higher solubility) or negative (decreased
solubility compared to Eg. (7)). Consider now a case where the
interactions are zero. We assume that the solvent mixture is based
on one solvent for which H is large and one for which H is small
(good solvent). We plot such a hypothetical case in Fig. IV.5, as
a function of composition. We also give in Fig. IV.5 another
average based on a linear mass balance. Assume that we mix two
volume fractions, Y, and Y,, of the pure solvents at the dissolved
gas partial pressure Pz, (with S;, and S;, the volumetric
solubilities of the gas in the pure 'solvents). If there is no
interaction due to the mixing, the average solubility would be

Sym = Y453, T Y85, (8)
We note that in an ideal mixture (Eg. 7) the solubility is strongly
reduced compared to the linear average of Eg. (8).

We should point out that there is no thermodynamic basis for
eq. (8). From a process point of view, however, it 1is very
important to l.now how much the actual solubility deviates from eq.
(8).

Assume now that we have the gocd solvent (index 1) saturated
with a gas and mix it with the poor solvent (index 2) to form a
mixture that has the composition of the CST. But we do it at a
temperature above the CST. If the mixture obeys eq. (7), a large
fraction of the dissolved gas would be released. However, the
problem is how do we recover the pure solvent 1. In a mixture with
a CST one can do this by simply cooling the mixture below the CST.
If one cools it sufficiently below, one obtains almost two pure
solvents. All one needs is a mixture with a CST at a temperature
such that the heating and cooling can be done without a significant
energy expenditure.

We could not find any published data that would support the
ideas presented here. There are very few data for gas solubilities
in solvent mixture, and almost none for mixtures with a critical
point. The existing data almost all deal with solvents for which
the difference in H is less than a factor of 2. Therefore, any of
the 1ideas discussed in Section IV required experimental
verification, which was one of the major goals of this contract.
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our results confirmed the theoretical expectation. Before
discussing them, we will discuss, in the next section, the
experimental methods used for this task and the building of an
experimental test facility.
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Figure IV.5 Hypothetical solubility in solvent mixture containing one
snlvent with large H and the second with small H.
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V. DESIGN AND CONSTRUCTION OF THE EXPERIMENTAL TEST FACILITY

The experimental test facility consists of a mixing chamber equipped
with two vertical glass windows, which allow visual observation of the
interior, and a magnetic gas recirculating pump, both immersed in a liquid
thermostated bath. The temperature of the bath is maintained constant within
+ 0.1% by means of a temperature controlled heater and two immersion coolers
(see Figure V.1). The kinetics of gas solubility are followed with a
pressure transducer.

The magnetic recirculating pump serves both for gas mixing and to
recirculate the vapors through the 4-port gas sampling valve. A liquid pump
continuously recirculates the liquid phase through a 4-port liquid sampling
valve. The rotation of the sampling valve causes a stream of helium to
inject a sample of 1ul into the gas chromatograph (G.C.) for chemical
analysis. By means of a 6-port valve, one can either sample the upper or the
lower phases of the demixed liquid mixture.

It shculd be pointed out that the continuous circulation enables one to
follow the kinetics of degassing and of gas solubility. The small sampling
volume consumed (1ul) per injection was shown to have a negligible effect on
the equilibrium in the mixing chamber.

Chemical analyses of the gas solubilities in the pure and mixed solvents
were performed by means of "Carle" gas—-chromatograph equipped with a "Spectra
Physics" integrator. The G.C. was also used to determine the solvent
compositions in the two-phase region of the critical mixtures. However, low
vapor pressure liquids such as NMP couldn't be detected by the G.C. Thus,
the liquid phase compositions of systems containing these solvents were
deterined by light absorption spectroscopy method. A "Perkin Elmer" UV/VIS
spectrophotometer, hooked up to PC computer, was used for this purpose.

During the run-in period, various modifications and improvements were
introduced. Gas solubilities obtained with our test facility were compared
with literature values. Figure V.2 compares our data for CO, solubility in
methanol with those of Ohgaki, et al, 1976.

The construction of the test facility can therefore be considered
successful, at least in the sense that it allows us to start the preliminary
screening of solvents. Our test facility was indeed a versatile unit with
excellent chemical analytical capabilities.

This in itself is a significant achievement as there are no reported
results in the literature for gas solubility equilibria over a two phase

system, and no experimental method was available till now in the open
literature.

While the equipment gave reproducible and reliable experimental results
over a wide range of operating conditions, it still had several drawbacks,
which need to be corrected in future studies. These were:
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a) The equipment as actually built did not function for
temperatures below -20%. Solving this involves no inherent
problemns. It requires redesign of the cooling unit, and the
temperature control. Some of the fittings, packings and valves
also did not function well at 1low temperatures and proper
substitutes need to be found.

b) H,S attacked all packings and corroded some of the fittings
and valves. This despite the fact that the manufacturers promised
that their equipment functions well in the presence of H,S. This
is a known problem. These difficulties did not prevent us from
getting measurements but considerably slowed down our work.

There was another difficulty that we underestimated. While
our equipment allowed us accurate measurements, the measurements
took significant time and did not allow fast screenings of a large
number of solvent pairs over a wide range of conditions. We are
not sure that this is a problem that can easily be solved without
a major effort. The best way of solving it for industrial purposes
is building multiple parallel equipment served by one operator.
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VI. EXPERIMENTAIL RESULTS

VI.1 Nonlinear Effects Of Gas Solubility In Critical Solvents

In Section IV we discussed the dependence of gas solubility on

concentration, for mixtures of solvents. Two equations were
proposed (see Section IV). One was based on an ideal solution
lnHL" = X,lnH;, + lenHS,2 (7)

and the other was based on a linear average
Sy u = Y4535, + Y58;, (8)

In order to test these equations, one needs data for mixtures
in which the solubilities of the gas in each of the components
strongly differs. As water is a poor solvent for both H,S and co,
compared to some organic solvents, critical mixtures of water with
an organic solvents should be a good test for the theory. 1In Fig.
VIi.1 we gave the solubility of CO, in a critical mixture of
lutidine water as a function of temperature. The mixture has a
lower critical point at 37°C and the critical mixture contains 33%
lutidine by volume (or a mole fraction of 0.07). We also gave the
expected solubility in terms of eq. (7) as well as the linear
volume average given by eq. (8). We note that at all points the
solubility exceeds that predicted by eq. (7). Close to the
critical temperature the solubility is approximately equal to the
prediction based on a linear average, whereas at 59, it almost
doubles and despite the large difference between water and lutidine
it is almost equal to that of pure lutidine.

As the deviation from eq. (7) is a very strong function of
temperature near the critical point, there is a strong indication
that this is a critical point phenomenon. The phenomenon has some
interesting technological implications due to the enhanced
temperature dependence.

In Fig. VI.2 we plot the same solubility data in comparison
with the pure solvents, and we note that the temperature dependence
of the mixture is much larger than of the components. Here, we
also gave the solubility of the two phases above the critical
point. We will come back to this later.

The results in the 1lutidine water mixture present the
strongest nonlinear effect measured by us. The nonlinear effects
are the critical point of the potential usefulness of such
mixtures. Therefore, we start our discussion by summarizing all of
our results related to this effect. In Table VI.1 we give the
solubility of €O, and H,S in different critical mixtures, at
different temperatures. We also give the ratio of this solubility
to that predicted by eq. (7) (Raoult's law) and eq. (8) (linear
volumetric average). In addition we give the ratio of the

solubility in the critical mixture to that in each of the two pure
solvents.

All solubilities are given by volume of gas at standard
conditions per volume of gas-free solvent or solvent mixture at 1
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atm gas partial pressure.

Let us first look at the extremes. There are several points
where the solubility in the mixture exceeds the best of the two
solvents, marked with one star in the table and one point marked
with # where the solubility in the mixture is lower than in either
of the two pure solvents at the same temperature. In none of these
cases 1is the excess very 1large, so we don't deal here with
supersolvents, but the effects are significant and as we will later
show, potentially useful.

But if we search for steeper temperature dependence of
solubility and, even more important, better selectivity, it is not
important for the mixture to have greatly improved solvent power,
all that is important is that the nonlinear effects are strong,
different for different compounds, and vary with temperature.

The effect that the impact of the nonlinear effects in such
solvent mixtures varies for different solutes is probably the most
important for using such mixtures as solvents. It gives us a
powerful tool to control selectivity. The nonlinear effects on
solubility are not limited to the critical point composition. 1In
Table VI.2 we give data for mixture compositions which lies at the
coexistence curve in two phase regions of a critical mixture.
Again, we compare it with the Raoult's law (eq. 7) and the linear
average. We again note significant deviations in either direction.
The direction and magnitude of the deviation may differ from that
of the one phase critical mixture itself.

What is technically important is that small additions of a
second solvent can often lead to dramatical improvements in
selectivity. An example is the NMP dcdecane mixture where the NMP
rich phase with 20% dodecane improves selectivity for H,S by 35%
with only a small loss in solvent power which is a dramatlc
improvement of significant economic value.

There are two important aspects of these nonlinear composition
and temperature effects on solubility. The most important one is
that these effects are not equal for different compounds. To look
at the effects more closely we give in Table VI.3 and Figure VI.3
the selectivity results for co, and.}gs in the different solvent
pairs. In Table VI.3, we also give, for each point, both the
selectivity as well as the ratio of selectivity to that in each of
the pure solvents. We define here the selectivity in terms of the
ratio mole H,S to mole CO, adsorbed, as this parameter is the most
relevant for hydrogen purification from syngas. We note that the

mixture can have strong improvements over the basic solvent up to
a factor of 1.6.

In some cases, such as the <case of tire NMP (N-
methylpyrolidone)-heptane mixture, the selectivity is strongly
reduced as the solution has a stronger positive effect on CO, as
compared to H,S. Regretfully we were not able to find a reliable
theoretical predictor for the direction of this effect for
different materials. By comparing Table VI.1 and Table VI.3, we
note that in most cases the increase in selectivity is due to
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Solubility of carbon dioxide in critical mixture of lutidine
water as function of temperature compared to calculated
solubility by edq. (7) (ideal solution) and eq. (8) (linear
average) .

45



SOLUBILITY OF CO2
LUTIDINE+WATER

10 ¢ —
-~ [ witid
> ot 1.atm. s mixure
o 5
Q o low. phes
\'2 8'_ 4+ upp. phee.
8 é 4 pue H20
2 7
- i
< 61
R :
o) 5:
Z, :
4 r
' ;
E: 3F
- g
m 2
;3 r
) 1 F
A g
O S ST S WO S TR YU SO S S | -l P e " ST

TEMPERATURE ,C
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in critical mixture as a function of temperature.
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Table VI.1

Solubility of carbon dioxide and hydrogen sulfide (at 1 atm
partial pressure) in the one phase region.

Solubility Ratio

Solvents Solute Temp. Solub.' Mixture/ Mixture/ Mixture/ Mixture/
good poor

System (gas) O¢c Solvent _ Solvent Raoult's? Avg. 3

Acetonitrile 10 4.40 0.464 3.451 1.973 0.701

(good solv.) 15 3.87 0.444 3.686 2.026 0.676

+ Co, 20 3.54 0.426 3.933 2.082 0.654

Water 25 3.21 0.401 4.280 2.169 0.629
(poor solv.)

(0.609)“ 15 16.30 0.534 5.552 2.876 0.826

H,S 20 13.85 0.519 5.368 2.778 0.803

45 7.81 0.462 5.049 2.543 0.717

60 5.23 0.400 4.144 2.117 0.619

NMP 55 1.75 0.665 1.281 0.985 0.968

(good solv.) 65 1.33 0.607 1.215 0.916 0.900

+ CO2 70 1.17 0.571 1.219 0.892 0.873

Heptane

(poor solv.)

50 17.09 0.508 4.547 1.866 1.205

(0.349)4 H,S 55 15.13 0.511 4.437 1.831 1.205

65 11.20 0.519 3.626 1.626 1.174

70 9.24 0.471 3.568 1.535 1.083

NMP CO2 78 0.84 0.467 1.024 0.832 0.720
(good solv.)

Dodecane

(poor solv.)

(0.297)4 H,S 78 11.58 0.739 5.514 2.305 1.888

NMP 18 4.40 0.894 2.018 1.401 1.330

(good solv.) 20 4.20 0.878 1.974 1.372 1.304

30 3.50 0.854 1.938 1.338 1.272

Methyl- Cco, 40 2.99 0.859 1.879 1.352 1.262

Cyclohexane 50 2.39 6.885 1.833 1.317 1.272

60 1.90 0.805 1.753 1.228 1.181

(0.4118)" 70 1.42 0.703 1.632 1.107 1.057

'Volume of the gas at standard condition over solute-free
solvent volume.

’Ideal mixture (eq. 7)

3Volumetric average (eq. 8).

“Volume fraction of the good solvent.
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Table VI.1 (Continued)

Solubility Ratio

Solvents Solute Temp. Solub.' Mixture/ Mixture/ Mixture/ Mixture/
good poor
System (gas) O¢c Solvent  Solvent  Raoults? Avqg.?
10 53.55 0.729 3.688 2.031 1.380
20 45.08 0.717 3.840 2.009 1.376
30 33.52 0.638 3.520 1.774 1.175
H,S 40 24.58 0.598 3.208 1.598 1.147
50 18.52 0.593 3.046 1.515 1.127
60 13.99 0.593 3.937 1.461 1.118
70 11.00 0.564 3.013 1.430 1.081
Lutidine 5 6.65 0.906 4.433 4.833 1.933
(good solv.) 15 4.10 0.707 3.905 4.214 1.562
+ Co, 25 2.60 0.531 3.476 3.704 1.223
Water 35 1.91 0.448 3.131 3.322 1.048
(poor solv.) 37 1.84 0.450 3.075 3.265 1.047
(0.332)%
Methanol ~16 7.04 0.558 1.341 1.036 1.011
(good solv.) -10 5.95 0.593 1.322 1.050 1.027
+
Toluene CO2 0 4.88 0.697 1.308 1.160 1.086
(poor solv.) 20 3.07 0.738 0.877 0.911 0.840
(0.233)1’ ~16 62.0 0.976 1.039 1.345 1.024
=10 42.0 1.200 1.152 1.490 1.163
HZS 0 28.0 1.429 1.333 1.641 1.354
20 15.9 1.371 1.172 1.474 1.213
1 Volume of the gas at standard condition over solute-free solvent volume.
2 Ideal mixture (eq. 7).
3 Volumetric average (eq. 8).
4 Volume fraction of the good solvent
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Table VI.2

Solubility of carbon dioxide and hydrogen sulfide in critical
mixtures (at 1 atm partial pressure) in the two phase region.

Solubility Ratio

Solvents Phase Temp. Solub.' Mixture/ Mixture/ Mixture/ Mixture/
good poor
System oc Solvent  Solvent Raoult's? Avg.}
Acetonitrile ACN -5 11.84 1.024 6.072 2.349 1.206
(good solv.) rich 0 8.76 0.826 5.078 2.246 1.029
+ 3 7.25 0.706 4.560 2.287 0.944
Water 5 5.48 "~ 0.545 3.651 2.148 0.817
(poor solv.)
Water -5 3.21 0.277 1.644 1.367 0.598
+ CO, (gas) rich o} 3.44 0.324 1.992 1.555 0.630
3 3.92 0.382 2.465 1.790 C.684
5 5.33 0.530 3.553 2.141 0.804
Average -5 8.00 0.692 4.103 2.548 1.025
v 6.40 0.604 3.710 2.974 0.898
3 5.78 0.563 3.635 2.189 0.841
5 5.41 0.538 3.607 2.147 0.807
+ H,S (gas) ACN rich 5 28.90 0.858 7.298 2.5551.101
Water rich 5 8.95 0.266 2.260 1.731 0.577
Average 5 21.44 0.636 5.414 3.017 0.972
NMP NMP 20 57.29 0.912 8.896 1.672 1.160
(good solv.) rich 40 31.71 0.713 6.865 1.524 1.051
+ 45 25.73 0.683 6.141 1.709 1.158
Heptane Heptane 20 15.07 0.240 2.340 1.803 1.231
(poor solv.) rich 40 14.00 0.315 3.030 1.882 1.204
45 14.74 0.391 3.518 1.950 1.261
+ H,5 (gas)
Average 20 35.55 0.566 5.52 2.305 1.361
40 23.09 0.519 4.998 2.027 1.247
45 20.74 0.550 4.950 2.044 1.306
+ CO, (gas) NMP 20 4.28 0.898 1.760 1.013 0.990
rich 40 2.85 0.847 1.620 1.013 0.994
50 2.18 0.764 1.463 1.033 1.014
Heptane 20 2.56 0.538 1.055 1.010 0.986
rich 40 2.16 0.642 1.230 1.117 1.102
50 1.87 0.654 1.252 1.020 1.003
Average 20 3.25 0.682 1.337 1.028 1.002
40 2.43 0.722 1.381 1.068 1.047
50 1.99 0.697 1.336 1.030 1.012
1 Volume of the gas at standard condition over solute-free solvent volume.
2 Ideal mixture (eq. 7)
3 Volumetric average (eq. 8).
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Table VI.2 (cont'd)

Solubility Ratio

Solvents Phase Temp. Solub.' Mixture/ Mixture/ Mixture/ Mixture/
good poor
System ¢ Solvent  Solvent Raoult's? Avg.3
NMP NMP 20 3.12 0.652 2.940 0.735 0.713
(good solv.) rich 35 2.09 0.572 2.173 0.635 0.623
+ -
Dodecane 45 1.53 0.553 1.776 0.628 0.603
(poor solv.) 65 1.18 0.538 1.426 0.658 0.651
+ CO, (gas) Dodecane 20 1.06 0.222 1.000 0.855 0.815
rich 35 0.97 0.265 1.007 0.876 0.856
45 0.89 0.321 1.031 0.909 0.903
65 0.83 0.379 1.005 0.863 0.855
Average 20 1.49 0.312 1.406 0.738 0.688
35 1.20 0.329 1.250 0.710 0.682
45 1.02 0.369 1.186 0.732 0.716
65 0.91 0.414 1.096 0.743 0.736
+ HZS (gas) NMP 20 55.60 0.885 8.633 1.226 0.982
rich 35 44.50 0.931 8.768 1.340 1.042
50 32.24 0.856 7.694 1.187 0.957
65 19.94 0.924 6.453 1.388 1.149
Dodecane 20 9.02 0.144 1.400 1.153 0.898
rich 35 9.49 0.198 1.870 1.490 1.215
50 10.03 0.266 2.394 1.896 1.584
65 11.27 0.522 3.647 2.621 2.232
Average 20 22.94 0.365 3.562 1.451 0.990
35 20.20 0.422 3.981 1.597 1.137
50 17.96 0.422 3.981 1.721 1.271
65 14.08 0.653 4.558 2.003 1.692
NMP NMP 10 5.56 1.01 2.269 1.304 1.245
(good solv.) rich 15 5.03 0.978 2.206 1.315 1.253
+
Methyl- 10 3.67 0.667 1.498 1.380 1.334
cyclohexane 15 3.50 0.680 1.534 1.300 1.246
(poor solv.)
+ CO2 (gas) 10 5.10 0.927 2.080 1.451 1.375
15 4.66 0.906 2.042 1.419 1.346
Lutidine Lutidine 50 2.41 0.786 48.28 28.40 1.207
(good solv.) rich
+ Water 50 0.5 0.163 10.00 10.00 1.553
rich
Water Average 50 1.35 0.438 26.90 24.45 1.278
+ CO, (gas)
1 Volume of the gas at standard condition over solute-free solvent volume.
2 Ideal mixture  eq. 7)
3 Volumetric average (eq. 8).
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Table VI.3 Selectivity of hydrogen sulfide in respect to carbon dioxide in
‘ crivical mixtures (at 1 atm partial pressure) in the one phase

region.
- Selectivity Ratio
Solvents Temp. selec.' Mixture/ Mixture/ Mixture/ Mixture/
good poor

System °%c Solvent _ Solvent Raoult's? Avg.3
Acetonitrile 5 3.963 1.182 1.501 1.406 1.205
(good solvent) + 15 4.212 1.203 1.506 1.420 1.221
Water (poor solvent) 20 3.912 ° 1.219 1.365 1.334 1.227
NMP (good solvent) + 55 8.670 0.770 3.473 1.865 1.021
Heptane 65 8.489 0.862 3.008 1.789 1.315
(poor solvent) 70 7.897 0.825 2.927 1.720 1.241
NMP (good solvent) + 78 13.786 1.582 5.383 3.022 2.623
Dodecane
(poor solvent)
NMP (good solvent) 20 10.733 0.817 1.946 1.464 1.055

+ 30 9.577 0.748 1.816 1.326 0.924
Methyl-cyclohexane 50 7.749 0.670 1.662 1.151 0.886
(poor solvent) 60 7.363 0.736 1.676 1.189 0.946

70 7.746 0.802 1.846 1.292 1.023

Methanol -16 8.593 1.748 0.7752 1.299 1.013
(good solvent) + -10 8.471 2.025 0.871 1.419 1.132
Toluene 0 8.197 2.049 1.019 1.471 1.247
(poor solvent) 20 7.101 1.858 1.336 1.618 1.444
1 Ratio- mole H,S to mole CO, absorbed
2 Ideal mixture (eq. 7)
3 Volumetric average (eq. 8)

51



7 AR A
3 R
~ °
|
z K
i
° ~
-
i 2
~
S
g = -
& 2 o AR
O 0 O 0 O
QA A T

(TOD/STH) oney A[Iqnios

Selectivity of hydrogen sulfide with respect to carbon dioxide

(at 1 atm. partial pressure) in the one-phase region.

Figure VI.3

52



reduction of solubility for one of the compounds.

Table VI.3 also gives the selectivity that could be obtained
if both solutes followed Raoult's law (eq. 7) or both solutes
followed eq. (8) (linear volumetric average). Eg. (7) can lead to
increases in selectivity, if the less powerful of the two solvents
has a better selectivity. But in our case the best improvements
are in mixtures which are far from following eq. (7).

Tables VI.1 - VI.3 summarize the most important part of our
results. They clearly show that by adding a solvent forming a
critical mixture one can modify a solvent such that its temperature
dependence of solubility increases and its selectivity improves
without sacrificing too much of the solvent power. This provides
an important tool for the process designer.

In the next section we will discuss in more detail the
different solvent systems involved.

VI.2 Detailed Results For Different Solvent Systems

The solvent systems involved as well as their properties are
given in Table VI.4. We note that the degree of emphasis varied
from solvent to solvent. This was due to several reasons.

a) Oour whole approach was developed successively and in different
stages of our work we looked at different aspects. This was
also due to the fact that our main goal was not solely
scientific results but rather binding effects and results
which would lead to cheaper hydrogen separation.

b) The fact that our method required a large effort for each data
point and the experimental difficulties with each new system
prevented us from getting a complete set of data for each
solvent. Still, as we show in the next section, we were able
to achieve our main goals. The data show that this is an
approach that can be very useful in practice (patents have
resulted). The work also led to novel results of scientific
importance in understanding the solubility of gases in
solvents. Let us now discuss the different results.

Fig. VI.4 - VI.7 give the results for the systems, methanol-
hexane, water-butoxyethanol, ethylacetoacetate-heptane and heptane-
O-toluidine. At this time we were looking at higher pressures.
The high solubility of CO, in the mixture has had a strong impact
on the critical points. All of these solvent mixtures aside from
heptane-toluidine show significant nonlinear effects. They showed
no strong advantages in terms of solvent power and we therefore
looked at other systems.

One of the systems studied most extensively was acetonitrile
water, which is a good solvent with good solubility for H,S and
reasonable selectivity.
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Table VI.4 Physical properties of the solvents

Molecular Specific Boiling Freezing
Solvent Weight, g/mole Gravity, g/cm’ pt., Oc pt., °c
Acetonitrile 41.05 0.786 A 82 -48
Water 18.08 1.000 100 0
N-methyl
Pyrrolidone 99.13 1.033 82/10mm -24
Dodecane 170.34 0.75 216.2 -12
Heptane 100.21 0.684 98 -91
Methyl
cyclohexane 98.19 0.770 101 -126
2,6~-lutidine 107.16 0.92 143 -6
Methanol 32.04 0.791 64.6 - =98
Hexane 86.18 0.659 69 -95
Toluene 92.14 0.867 111 =93
O-toluidine 107.16 1.004 200 -28
Ethyl
acetoacetate 130.14 1.021 181 -43
Butoxyethanol 118.18 0.903 171/743mm
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SOLUBILITY OF CO2 IN
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Figure VI.4 Solubility of carbon dioxide at the CST forming a binary
mixture of methanol/hexane as a function of the mixture
composition.
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Solubility of CO2 in
H20-butoxyethanol
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Figure VI.5 Solubility of carbon dioxide at the CST forming a binary
mixture water/butoxiethanol as a function of the mixture
composition.

56



SOLUBILITY OF CO2 IN
HEPTANE-ETHYL ACETOACETATE
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Figure VI.6 Solubility of carbon dioxide at the CST forming a binary

mixture heptane/ethyl-acetoacetate as a function of the
mixture composition.
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SOLUBILITY OF CO2 IN
HEPTANE-TOLUIDINE
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Figure VI.7 Solubility of carbon dioxide at the CST forming a binary
mixture heptane/o-toluidine as a function of the mixture
composition.
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VI.Z2a ACETONITRILE-WATER

The results for acetonitrile-water are summarized in Figures
VIi.8 -VI.12, where we deal with different aspects of the problems.
Fig. Vi.8 gives the solubility of Co, as a function of temperature
for a critical mixture. The CO, part1a1 pressure is 1 atm. Below
the critical point two phases are found (see Figure VI.9) and we
give the solubility in both phases, as well as the computed
volumetric two phase average. We note that at low temperatures the
average approaches that of the pure solvent whereas at the critical
point is below the linear average (see Table VI.2). This leads to
a strong temperature effect which will be discussed in the next
section.

Fig. VI.10 gives similar results at a higher pressure of CO,
(15 atm). The results are similar only the critical temperature
increases to 35%°%C. Fig. VI.11 gives the results for H,S at 1 atm.

If we look at Table VI.1l and VI.2 we see that for this mixture
in all points above the critical point the solubility is below the
linear average and above the value predicted by Raoult's law. On
the other hand, very interestingly, below the critical point the
solubility in the acetonitrile rich phase is above the 1linear
average. The effect is also apparent for H,S. Here, small
additions of water lead to a dramatic 1mprovement in selectivity (a
60% increase).

While this mixture does not have the composition of the CST it
has some critical property, as at this temperature any small change
in composition or drop in temperature will lead to formation of two
phases. It therefore has some properties of critical phenomena and
here the improvement in selectivity 1is greater than for the
critical solvent mixture above the critical point (see Fig. VI.12).
These large improvements in selectivity by small additions of a
second solvent could be our most important finding, that justifies
our whole effort.

There is another interesting aspect cf working in the region
where there are two phases. If we use both phases and look at the
average then the temperature dependence becomes much higher than
customary in solvents. We will discuss this later.

While the work with the acetonitrile system proves and
illuminates some of the important advantages of such systems, this
solvent 1is not recommended for hydrogen separation as the
selectivity is less than that achieved by other solvents. However,
it could be very attractive for cases where only CO, is removed,
such as 1in Fisher-Tropsch. Here the solubility in a water
acetonltrlle mixture with 20% water has a higher solubility for CO,
at 0°C than methanol at -10°cC. This could be attractive. In
addition the presence of water should reduce the solubility of
hydrocarbons, which is important in some applications.
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Coexistence Curve
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Figure VI.9 Coexistence curve of the acetonitrile/water system.
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Figure VI.10 Solubility of carbon dioxide in pure acetonitrile, pure water
and in critical mixture as a function of temperature (at 15
atm. partial pressure).
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Figure VI.1l1 Solubility of hydrogen sulfide in pure acetonitrile, pure
water, and in critical mixture as a function of temperature.
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Figure VI.12 Selectivity of hydrogen sulfide with respect to carbon dioxide
in acetonitrile-water c¢ritical mixture (* below the CST).
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VI.2b. NMP - DODECANE, NMP - HEPTANE, AND NMP -

METHYLCYCLOHEXANE
NMP is a commercially used solvent (Purisol). It has a high
selectivity for H,S as compared to CO,. Three Solvents forming a
critical mixture with NMP were tested. Only one showed a

significant positive effect on selectivity. The two others reduced
selectivity. The detailed results are given in Table VI.1-3 and in
Fig. VI.13 - VI.22.

What is especially significant in the NMP-dodecane system is
that by relatively small additions of a second solvent forming a
critical solution, the selectivity could be increased by 35% (Fig.
VI.16). This is similar to the effect discussed with acetonitrile
but here it is of direct applicability as it is not just an example
proving the theory but a directly useful result, which is part of
our patent application. Dodecane also has the advantage of being
high boiling and therefore having a very low vapor pressure.

VI.Z2c METHANOL - TOLUENE

Methanol is also a solvent used in actual practice in the
Rectisol Process. Here the critical point is very low and was not
reachable in our equipment. The results for <CO, and H,S
solubilities are given in Figures VI.23 - 24. Here we &Eal with a
single phase. Again, we were able to show a significant increase
in selectivity by addition of toluene (see Fig. VI.25). What is
especially interesting here is that at 20°C the solubility of CO,
is below that predicted by Raoult's law, whereas that of H,S is
above the pure solvent. This is of great theoretical interest, but
here this also might have direct practical value. It is promising
as it confirms the theoretical expectation and therefore justifies
a search for solvents which might have even much better properties,
and gives guidelines as to what solvents to look for.

VI.2d LUTIDINE-WATER

Lutidine water presents an interesting system for solvent
removal of CO, and we discussed it before. It has the same solvent
power at 5%c "as methanol at lower temperatures and a much lower

vapor pressure. And the solubility of CO, at 50c is almost
unafrected by diluting it with 60% water due to strong
nonlinearities. On the other hand the temperature dependence is

increased, which is important. This is a very interesting solvent
and we wanted to get more extensive data; however, the solvent
affected the packings and gaskets in our equipment. It would have
required significant modifications and considerable work to get the
equipment to work properly with lutidine. With the little inherent
difficulties our timetable and the remaining budget did not allow
for the modifications. But the result itself is a very interesting
major accomplishment which needs to be followed up. The results
are given in Fig. VI.2.
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Figure VI.13 Coexistence curve of the N-methylpyrrolidone-dodecane system.
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Figure VI.14 Solubility of carbon dioxide in pure NMP, pure dodecane, and
in critical mixture as a function of temperature.
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Figure VI.15 Solubility of hydrogen sulfide in pure NMP, pure dodecane, and
in critical mixture as a function of temperature.
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Figure VI.1l6 Selectivity of hydrogen sulfide with respect to carbon dioxide
in NMP-dodecane critical mixture. (* below *he CST).
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Coexistence Curve
M—Pyrol/Heptane
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Figure VI.17 Coexistence curve of the NMP-heptane systen.
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Figure VI.18 Solubility of carbon dioxide in pure NMP, pure heptane, and in
critical mixture as a function of temperature.
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Figure VI.19 Solubility of hydrogen sulfide in pure NMP, pure heptane, and
in critical mixture as a function of temperature.
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Coexistense Curve
M—Pyrol/M—Cyclohexane
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Figure VI.20 Coexistence curve of NMP-methylcyclohexane.
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Figure VI.22 Solubility of hydrogen sulfide in pure NMP, pure
methylcyclohexane, and in critical mixture as a function of
temperature.
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Figure VI.23 Solubility of carbon dioxide in pure methanol, pure toluene,
and in critical mixture as a function of temperature.

76




SOLUBILITY OF H2S
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Figure VI.24 Solubility of hydrogen sulfide in pure methanol, pure toluene,
and in critical mixture as a function of temperature.
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in methanol-toluene critical mixture.
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VI.2e SOLVENTS FOR METHANE

In some coal gasifiers, methane is prcduced together with
syngas and has to be separated from the hydrogen product. One way
of doing so is cryogenic separation. Another is use of hydrocarbon
solvents. Originally one of our goals was to find a better solvent
for methane. Literature results for solubility of methane in
various solvents are given in Table VI.5. However, our search was
not successful. What we hoped for is to find solvent palrs with
strong maxima to increase the solubility of metnane which is low in
all solvents (see table VI.5). As dodecane (or other high
molecular weight paraffins) is a good solvent for methane we tried
to improve it by adding NMP. Fig.’ VI.26 gives the results. No
strong nonlinear effects are noticed. This may be due to the
chemical nature of methane which is a non-polar symmetric molecule
with low interaction and low London forces.
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Table VI.5

Equilibrium solubilities

solvents and conditions,

of methane
literature data.

in various

Solvent V cm P atm. T Oc S vol(g) S*vol(g) Ref
mol vol (1) vol (1)
Xylene 120.62 4.07 20.25 2.56 0.63 Ng et al.
(1982)
DEA 95.88 1.00 20.25 0.40 0.04 Gueuara et
(Diethanolamine) al. (1984)
Decane 199.92 20.10 269.6 12.01 0.60 Lin et al.
(1979)
Benzene 89.13 13.00 147.9 6.50 0.50 Lin et al.
(1979)
Toluene 106.30 17.00 149.3 7.71 0.45 Lin et al.
(1979)
Hexane 130.52 1.70 0.01 1.68 0.99 Lin et al.
(1977)
Pentane 115.22 6.80 10.0 7.26 1.12 Le Roy
(1975)
Hexadecane 292.84 20.00 189.3 6.66 0.33 Lin et al.
(1980)
Quinoline 118.18 20.00 20-25 3.81 0.19 Simmick et
al. (1979)
Ethylene oxide 49.92 1.00 20-25 0.73 0.73 Hvarg et al.
(1977)
Octacosane 489.38 9.77 100 2.75 0.28 Huarg et al.
(1988)
Carbonyl sulfide 58.44 11.00 20-25 17.88 1.62 Sentark et
al. (1979)
Hexatriacontane 596.46 10.21 100 2.71 0.27 Tsal et al.
(1987)
NMP 95.96 1.21 25 0.47 0.39 Gueuara et
al. (1984)
Acetone 73.53 17.1 20-25 11.61 0.07 Ng et al.
(1982)
Chlorocyclohexane 118.61 1.0 25 0.47 0.47 Iopez et al.
(1987)
Methylnapthalene 142.1 9.0 38 2.21 0.24 Li et al.
(1981)
Diethyl ether 103.81 20.7 11.15 24.51 1.18 Gueuara et
al. (1987)

V -

S
volume

S* -

Molar Volume
- Solubility, gas volume at standard condition over solute-free solvent

Solubility Extrapolated to 1 atm.
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VII. SOME THEORETICAL CONSIDERATIONS ON THE RESULTS

Despite extensive analysis of present theory on nonlinear effects on
solubility of mixtures of solvents, we find no theory that allows a
quantitative prediction of the effect. Nor can the theory predict what
solvents to chose for a particular application. However we developed sone
ideas that could lead to at least semi-empirical predictions based on theory.
However this would involve significant future work.

For a start let us review the theory of gas solubility in mixed solvents
as discussed by O'Connell (O'Connell 1964, 1971).

Free Energy And Activity Coefficient

For a real solution, the molal free energy (g) can be described as the
sum of the molal free energy for an ideal solution and an excess molal free
energy (gf) for non-ideal effects.

c c
g =Y x;9; + RTY, x;Inx; + g% = Y x,(g; + RTlnx; + g;%) (9)
i=1 i=1

where the excess molal free energy is the sum of the partial excess molal
free energies (gf) which is related to the liquid-phase activity coefficient
by

9" _ _  9(n:9 ¥/RT) _gf 3(g &/RT) (1
Ry - Y= 5, nTms T RT EX“[T]T'P'X‘O)
where j # i, r # k, r # 1 and k # 1i.
One can express the molal free energy as
E
%TT = ingia = inlnYi (11)
where y., the activity coefficient, is defined by
a; £.(T, P, x
Y;= —  a;= — ) (12)
Xi £,(T,P°,x°)

Some empirical and semi-theoretical equations for correlating liquid
phase activity coefficients and excess Gibbs energies of binary mixtures are
given in Table VII.1.

The Van Laar interaction constants A,. and A, are, in theory, only
constant for a particular binary pair at a given temperature. In practice,
they are frequently computed from isobaric data covering a range of

temperature. The Van Laar theory expresses the temperature dependence of A
to be

Ay
- J
A5 = Rr (+3)
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¢ Regular solution theory (Hildebrand) and Van Laar ¢quation are equivalent for
a binary solution and

V.i
Aij=—E,_,—Z(6i—5j)2 (14)

The Van Laar equation can fit activity coefficient-composition curves
corresponding to both positive (y, > 1), and negative (y; < 1) deviation from
Raoult's Law. ,

Predicting Binary Van Laar Constants

For partially miscible pairs, the preferred procedure for obtaining Van
Laar constants is the best fit of activity coefficient data for each species
over the complete composition range. Frequently, only mutual solubility data
for a binary pair are available. 1In this case, Van Laar constants can be
computed directly from the liquid-liquid equilibrium condition

£ - £ 1 (the same fugacities in the phasas)
I I I Ir  IT II I I Ir_II
YirXi £iL = YiiXi £iL0  =>  YirXi = YipXi (15)

Combining Eg. 15 with the Van Laar equations gives the Carlson and Colburn
(Carlson and Colburn, 1949) equation

1nxit/x,*
(X]_I/XQI + X]:TI/XZII) [ lI / ;'I ] -2
A, In(x /x7) (16)
A21 1,1 I, IT 2% T 1n (x{1/ x,T)
(/%7 + x7/%37) - I_1T T, 11
X5 3, 1n (X, /x57)
A - 1In(x{*/x")
12 7 I IT
(1 + Alz.xl)_z_(1+ Alz_x1 ) -2 (17)
21 X5' Ay Xt
At the critical solution temperature where x,! = x,!', Egs. 16 and 17

become indeterminate. However, application of the instability conditions as
discussed by Hildebrand and Scott (Hildebrand and Scott, 1950) leads to the
expression

A L1 a)” (18)
Az 2x, - (x,)°?
13.5(1 - x,)° 13.5(x,)
Ay, = X Ay = Lo (19)

(2 - x) (1 + x)°2
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Table VII.1 Binary Activity Coefficient And Excess Gibbs Energy Relations

1ny, 1ny, - g/RT

Symmetrical) Margules

Ax,? Ax,* AX X
Van Laar
A, X A LX
Alz ( 2152 ) 2 A21 ( 22“*1 ) 2 1
AKX +An X, A X+ A, X, (L/A,x, + 1/4,,X,)

3catchord Hildebrand

v ‘
—L (1 - 208, - 37 _Y_?.(b?-(g, - 8.)? (8, - 8,2
RT RT T2 1 2 1 1
RT( + )
VX, VX,
q) = V1X1
VX, + VX,
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Spinodal Line And Critical Point (case of regular solution).

A spinodal point is a point at which the second derivative of
the Gibbs free energy with respect to composition is equal to zero.
The second derivative of Eq (9) for binary mixture is given by

E
Fg/RT _ (L , L1, ., 9g%/RT (20)
0xy X X2 o0x;
Using Margules Eq. from Table VII.1
yg%gz = (L ¢+ L) -2 (21)
ax; X, X2
the stability criteria is
ox;
For symmetrical Margules Eq., X, = X, = 0.5 at the critical

2
point and by Egq. 22 the constant A can be calculated using Table
VII.1.

A =A'/RT = 2

Solubility Of Gas In Solution Mixture

It can be shown that an ideal solvent mixture A, with low gas
solubility, obeys Henry's Law and its solubility in the mixture can
be expressed as follows:

In Hy; . = x,1nH; , + X,1nH;, (23)
where 3 is the gas component. ) '

O'connell (O'Connell, 1964) showed that for not ideal solution
but symmetrical solution mixtures, Eq. 23 could be expanded to

1ln H.,,'"1 = x1lnH}'1 +x21nH3'2 - A12x1x2 (24)

For an ideal gas, ¢ = 1, and with low gas solubility in liquid
the fugacities of the gas obey

f=y,P=Hx, and x;, o = P./H; (25)

i,s

where x; . is the mole fraction of the gas in the solution. Using
Margules Eq from Table VII.1l, Eq. 24 becomes

Xim = Xi,lxl-xi,zxz-eXP(QEE,:z/RT) (26)

(for ideal solution g, ,°/RT = 0).

In the original O0'Connell equ:*ion the free energy was
calculated using Margules Eq. (Table .I.1) neglecting the effect
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of the dissolved gas in the mixture. Thus, the free energy is only
a function of the solvents. It was also suggested that the
Scatchord Hildebrand Eq. (Table VII.1l) with Hildebrand parameters
(64, 6,) for the pure solvents, can be used.

If the selectivity, the solubility ratio of two gases, has to
be calculated, Eq. 26 can be used

s Xy K, Xy 5 K ¥ z
A,m SA,B - ( A,l) 1( A,Z) zexp( ga _ _ga_ (27)
X5 m Xp 1 X5 2 RT  RT
or
E E
Saa = (Sass) ™ (Sps,2) “exp (272 ) (28)

When using the original Eq, gf = gf, and the selectivity is not a
function of the free energy.

It is clear that this theory cannot explain our results as in
Eg. 26 the effect of solubility is independent of the solute,
whereas the most important feature of our results is the fact that
the non-linear impact on solubility is strongly different for CO,
as compared to H,S.

We have as yet not developed a rigorous quantitative theory.
Hcowever, there are indications that the nonlinear effects correlate
with the impact of the solute on the critical point. Both H,S and
CO, when dissolved change the critical temperature of some of the
mixtures, indicating a strong interaction with the solvent. Now
even if this is correct it will not lead to a prior prediction as
to which solvents are suitable as we have no theory predicting the
effect of solutes on the critical point, but it would help in
screening.

What is interesting is that in all cases with strong nonlinear
effects on upper critical point mixture the critical temperature
changed, as can be seen from Table VII.2, where we gave data for
several solvents.
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. Table VII.Z2 Effect Of The Dissolved Gas On The Critical Solution

Temperature
Solvent Dissolved Temperature
System Gas change of csT, ‘c
Acetonitrile co, + 5.5 )
+
Water H,S + 8.4
NMP co, ' + 0.3
+
Dodecane H,S + 1.0
NMP Co, - 4.3
+
Heptane H,S - 8.3
NMP CO2 -2.0
+
MCH H,S -9.2

2
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VIII. TECHNICAL IMPLICATIONS OF THE RESULTS

There are several important technical implications of our

results

a)

b)

Modification And Improvement of Solvents

One important result of our study that has direct
economic value for improving hydrogen separation and would
also be useful for syngas is the fact that the selectivity and
temperature dependence of solvents can be significantly
improved by adding a second solvent forming a critical
mixture. Regretfully, we have as yet no reliable means to
predict which solvent will improve selectivity, but the fact
that our results show large improvements to be feasible opens
new doors for new solvents and technology.

Two options are of interest. One is to use a critical
one-phase mixture which in the vicinity of the critical point
has either greater solvent power and/or selectivity. Another
is to use the same effect below the critical point and add a
partially miscible solvent such that the composition of the
mixture is close to phase separation at that temperature.
Thus, NMP which is the solvent for the Purisol process shows
at 20% a 35% hlgher selectivity for H,S compared to CO, when
20% dodecane is added. In an acetonltrlle—water mixture the
selectivity improvement is 60%.

The temperature dependence of a solvent can also be
drastically improved. Both effects are summarized in Fig.
VI.12, VI.16 and S.2. This could have a significant economic
impact on reducing the cost of hydrogen separation. This
method would also be important in purification of natural gas
and syngas for manufacture of methanol, Fisher-Tropsch, and
petroleum oils from coal. These applications could have
considerable economic significance.

Process Dependent On Phase Separation

One advantage of operating close to a critical point is
the ability of achieving phase separations with relatively
small energy expenditures. One way of using this effect is
given in Fig. VIII.1l. As an example of this method, we can

discuss the removal of CO, by a water- acetonitrile crltlcal
mixture.

The gas is contacted first at 0°C with a counter current
mixture of acetonitrile-water rich in acetonitrile. The gas
is then contacted with a mixture of acetonitrile-water rich in
water. Each fraction has the comp081t10n obtained when a
critical mixture of acetonitrile-water is cooled to 0° and
separated into two phases. The two fractions are then
depressurized and heated to 30°C to release the CO,. The two
fractions are then mixed which releases nmore Co2 This
further release is due to the fact that the solubility of CO,
in the mixed single phase is less than in the two fractlons
(see Sections VI and VII). The mixture is then cooled to o%c



and separated into two phases and reused. This has two
advantages. It increases the temperature dependence of the
solubility of cCo,. Second, the amount of acetonitrile
evaporated into éhe gas stream is reduced as the vapor
pressure of acetonitrile in the water-rich fraction is much
lower. This reduces the cooling requirement as the process
operates with a lower vapor pressure compared to acetonitrile.
Acetonitrile might not be the best solvent for this purpose
and a higher boiling solvent forming a critical mixture with
water would be desirable. A similar scheme might be used with
NMP- dodecane for H,S.

For hydrogen production’ from coal, we see our main
achievement in the ability to increase selectivity by suitable
solvent addition. This has been a goal of significant
research efforts by many companies and here we have supplied
a tool of significant economic value. Properly utilized after
further research we estimate that this will reduce the cost
of separation by 30%, mainly by reducing the large energy
requirements. This reduction is due to higher selectivity and
increased temperature gradients.
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