THE UNIVERSITY OF

SYDNEY

Copyright and use of this thesis
This thesis must be used in accordance with the
provisions of the Copyright Act 1968.

Reproduction of material protected by copyright
may be an infringement of copyright and
copyright owners may be entitled to take

legal action against persons who infringe their
copyright.

Section 51 (2) of the Copyright Act permits
an authorized officer of a university library or
archives to provide a copy (by communication
or otherwise) of an unpublished thesis kept in

the library or archives, to a person who satisfies
the authorized officer that he or she requires
the reproduction for the purposes of research
or study.

The Copyright Act grants the creator of a work

a number of moral rights, specifically the right of

attribution, the right against false attribution and
the right of integrity.

‘You may infringe the author's moral rights if you:

- fail to acknowledge the author of this thesis if
you quote sections from the work

- attribute this thesis to another author

-subject this thesis to derogatory treatment
which may prejudice the author’s reputation

For further information contact the
University’s Copyright Service.
sydney.edu.au/copyright



THE UNIVERSITY OF

SYDNEY

HEAT TRANSFER IN MICROCHANNELS -

TAYLOR FLOW

A thesis submitted for the degree of

Doctor of Philosophy

by

Sharon Shui Yee Leung

School of Chemical and Biomolecular Engineering

The University of Sydney

March 2012



Declaration

I declare the work presented in this thesis is to the best of my knowledge original, except as
acknowledged in the text, and has not been submitted for a degree at any other university.
Some parts of this research work have been published and a list of publications arising from

this research is included in this thesis.

Sharon Shui Yee Leung

March, 2012



Acknowledgement

I wish to express my upmost gratitude to the many people for their continual support towards

the successful completion of this thesis:

First and foremost, I am heartlily thankful to my supervisors Professors Brian S. Haynes and
David F. Fletcher. Their invaluable guidance, support and encouragement througout my PhD
enabled me to develop an understanding of the subject. They have introduced me to the world
of academic research and help me develop the important research skills of attention-to-detail,

objectivity, critical thinking and respect for scholarships.

The financial support from the Endeavour International Postgraduate Research Scholarship
(EIPRS) granted by the Australian Department of Education, Science and Training (DEST),
and the International Postgraduate Award (IPA) by the University of Sydney are gratefully
acknowledge.

I would like to thank Professor Tim Langrish, Dr. Alejandro Montoya, Dr. Jeffrey Shi, Dr.
Bogumil Eichstaedt, Dr. Don Chiou, Gary Towell, Alex Farago and staff members of the
School of Chemical and Biomolecular Engineering for their support and assistance. My
sincere thanks also go to Dr. Raghvendra Gupta, Dr. Yang Liu and Azadeh Najfi Asadolahi.
Discussions on the subject with them were always enjoyable and inspiring. It is pleasure to
thank all members of the combusiton group and my fellow postgraduate students in the
Department for their friendship and help. Many thank to Joe Buda and his family who always
treat me as a member of the family. I am also indebted to Dr. Alex Cheung and his family for

taking good care of me when I first arrived in Australia.

Last but not least, I would like to express my deepest gratitude to my family for their constant
encouragement and belief in me. This thesis would not have been possible without their

unconditional love and support.

ii



Abstract

With the rapid development of micro-reactors and compact heat exchangers, the unique
thermal-hydraulic characteristics of gas-liquid, non-boiling Taylor flow in microchannels
have attracted much attention recently. For proper design of micro-systems operating under
Taylor flow conditions, it is important to understand the transport processes and hence the
underlying heat transfer mechanisms. This work aims to obtain more insights into the
hydrodynamics of gas-liquid Taylor flow in microchannels and their relation to heat transfer
by performing systematic adiabatic visualization tests and heat transfer experiments for

constant wall heat flux boundary conditions.

Investigations into the flow behaviour and heat transfer characteristics of Taylor flow in the
vertical upward direction were carried out in a circular channel of 2.00 mm internal diameter.
Nitrogen was used as the gas phase and three fluids, namely water, 50 wt% ethylene
glycol/water mixture and pure ethylene glycol, were used as the liquid phase to cover a wide
range of Capillary numbers (0.001 < Ca < 0.180). Three circular T-junction mixers with
different diameters were used to generate gas bubbles and liquid slugs of different lengths (1-
220d) with controlled mixture velocities (0.10 < Urp < 0.53 m s, 10 < Rerp < 1100) and

homogeneous void fractions (0.03 < 8 < 0.90).

Taylor flow with regular bubble and slug lengths was characterized by performing
visualization tests under isothermal condition (21 °C). The thickness of the liquid film
surrounding the gas bubble is found to increase with increasing Ca and to agree well with the
established literature (Irandoust and Andersson, 1989, Aussillous and Quéré, 2000). Accurate
predictions of bubble and slug lengths, which are important parameters for pressure drop,
heat and mass transfer for Taylor flow in microchannels, are essential for reactor and process
designs. Generally, good agreement was found between the generated bubble lengths and the
scaling law modified from Garstecki et al. (2006). For flows for which the curvature of the

bubble caps and tails can be neglected, the corresponding slug length can be approximated

as Lg = Lg(1 - B)/B.

A multi-block heating section, which was calibrated and validated carefully with single-phase
flow, was used to perform systematic heat transfer experiments for well-characterized Taylor
flow for constant wall heat flux boundary conditions. From a parametric study, the mixture

velocity, slug length, homogenous void fraction and liquid properties were identified as key
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factors governing heat transfer enhancement of Taylor flow. The two-phase Nusselt number
was found to increase with increasing mixture velocity, decreasing slug length and for
systems with a thinner liquid film. Depending on the mixture velocity, unit cell length and the
fluid used, an optimal homogeneous void fraction, varying between 0.1 < < 0.3, was noted.
The maximum heat transfer enhancement achieved in the present study was 3.2 times that of

single-phase fully-developed laminar flow.

Three physical mechanisms governing the heat transfer of gas-liquid Taylor flow were
suggested for systems with constant wall heat flux boundary conditions imposed. The bubble
film provides a significant energy storage region, with that energy being taken up by mixing
with the overtaking slug and hence most of the heat is carried by the liquid slug. Since the
flow and heat transfer behaviour in the slug region remains hydrodynamically and thermally
developing laminar flow, the slug heat transfer coefficient (Nu; = Nurp - Lyc/Ls) is found
to be well correlated by a dimensionless slug length equivalent to an inverse Graetz number
based on the slug length (L5 = Lg/(Rerp - Pr - d)). Interactions between the bubble film and
the recirculating flow in the slug and heat transfer from the wall in the slug region are found
to depend strongly on the thickness of the bubble film, the size of the recirculation zones in
the slug region and the efficiency of the recirculation, which are strong functions of the
Capillary number (Ca). An empirical model correlating all the identified dimensionless

groups was proposed for heat transfer of Taylor flow, taking the form

Nuj = Nuyp + c(Ls)P(Ca)?

where ¢ =0.13, p = —0.46 and g = —0.30.

The effect of gravity on the bubble behaviour for horizontal gas-liquid Taylor flow in
millimetre-sized channels was examined and quantified. From the high quality white light
images, significant bubble asymmetry was observed for nitrogen-ethylene glycol Taylor flow
in three circular channels of different internal diameters (d = 1.12, 1.69, 2.12 mm giving
Bond numbers (Bo) of 0.287, 0.653 and 1.028). A parabolic drainage profile inside the liquid
film surrounding the bubble was noted through performing Micro-Particle Image
Velocimetry (pPIV) measurements in that region. A simplified model based on Nusselt’s
solution for laminar film condensation on a horizontal tube was derived to describe the
drainage velocity profile in the liquid film at a cross-section away from the bubble ends and

was able to explain the observed tilt of the bubble. A non-dimensional analysis of the model
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showed that the ratio of the average drainage to bubble velocities is a function of the Bond
and Capillary numbers. The gravitational effects on the bubble behaviour vanish for small
value of Bo and/or Ca or as Ca — o. Heat transfer experiments showed that gravitational

effects had no significant effect on Taylor flow heat transfer for the conditions studied.

The suitability of extending the experimental techniques which were developed for Taylor
flow to study the flow and heat transfer characteristics of non-boiling, gas-liquid annular flow
in microchannels was also explored. To reduce the time required to reach steady state
operation, a bare tube heating test section with a short thermal time constant (~5 ms) was
constructed to replace the multi-block heating system. Preliminary visualization and heat
transfer tests in a vertical upward flow in a 2.00 mm diameter tube for different flow
conditions (2 < Rey < 217, 530 < Reg < 2890) were performed to identify the potential
experimental challenges. Tiny bubbles were observed in the liquid film when ethylene glycol
was used as the liquid phase. The transient waviness at the gas-liquid interface for nitrogen-
water annular flow was captured successfully and found to be asymmetric. However,
difficulties in identifying the gas-liquid interface at the near wall region arose from the
combination of the inner surface curvature and the mismatch of refractive indices between
the silica tube and water. The cooling ability of gas-liquid annular flow was found to be much
more effective than that of the single-phase flow. The heat transfer augmentation was
attributed to the combination of evaporation of the liquid film and convective heat transfer.
Using water as the liquid phase, the effect of evaporation cannot be decoupled from the

convective heat transfer.

In conclusion, the key contribution contained in this work is a better understanding of the
hydrodynamics and their relation to heat transfer of non-boiling, gas-liquid Taylor flow in
circular microchannels. A new vision of the effect of gravity for horizontal gas-liquid Taylor
flow in millimetre-size channels which has generally been neglected in the past is also
provided. Additionally, potential experimental challenges for a comprehensive study of the
hydrodynamics and heat transfer characteristics of non-boiling, gas-liquid annular flow in
microchannels, which has not been studied systematically in the literature, are identified

through extending the techniques developed for Taylor flow.



Aussillous, P. and Quéré, D. 2000. Quick deposition of a fluid on the wall of a tube. Physics
of Fluids, 12,2367-2371.

Garstecki, P., Fuerstman, M. J., Stone, H. A. and Whitesides, G. M. 2006. Formation of
droplets and bubbles in a microfluidic T-junction - scaling and mechanism of break-
up. Lab on a Chip, 6,437-446.

Irandoust, S. and Andersson, B. 1989. Liquid-film in Taylor flow through a capillary.
Industrial & Engineering Chemistry Research, 28, 1684-1688.

vi



List of Publications

Journals

Leung, S. S. Y., Liu, Y., Fletcher, D. F. and Haynes, B. S. 2010. Heat transfer in well-
characterised Taylor flow. Chemical Engineering Science, 65, 6379-6388.

Leung, S. S. Y., Gupta, R., Fletcher, D. F. and Haynes, B. S. 2012. Effect of flow
characteristics on Taylor flow heat transfer. Industrial & Engineering Chemistry Research,

51, 2010-2020.

Leung, S. S. Y., Gupta, R., Fletcher, D. F. and Haynes, B. S. 2012. Gravitational effect on

Taylor flow in horizontal microchannels. Chemical Engineering Science, 69, 553-564.

Conference Poster Presentation

Leung, S. S.Y., Gupta, R., Hignefelt, H., Fletcher, D. F. and Haynes, B. S. Gravitational
effect on Taylor flow in horizontal microchannels. 2™ Australian and New Zealand Micro

and Nanofluidics Symposium 2011, Sydney, 28-29 April 2011.

vii



Table of Contents

Declaration......ccceieeieiiiiiniiieiieeiicieitiesirieciacsssieesessssssssscnssssscessessosssssssssssses i
AcknOwledgement.......cceieiiurineiieiiieiieniniieiiitinniieccisccssescsascsccessessssassnssassesscnans ii
PN 1137 9 T SN iii
T ) 8 3 110) 1102210 (1)« R vii
Table of Contents.....c.ccceiiiieiieiieiiiiiriereieiieiniatiecaciessatericcsscessasscsssssnsonsas viii
LSt Of FigUIes...ccvviirieineiinniiiniiionmesretcssciesscssssossssasssessesesssosscssssscssssessssssansss xii
0 ) 0 1 1) N xxi
NOMENCIAULE. .c.uuviiinriiiitiiiretiieiieiitisiiicitectsiesieitetescsssstssscessssssssssncssases xxii
Chapter 1 een ‘ rerenereasnean cressessssesesnesssnenssansssessnssasnen 1
1.1 TheS1S SITUCTUTE .....eiueiiiierreeeteeeceeteste et et e et e s s et e e see s see st esanaesseeeseesneesseesensenns 3
Chapter 2 4
2.1  Definition of Microchannels..........cccccceeriiriiiriiiiniiiierieete e 4
2.2 FIOW I€ZIME IIAP ..cceureeeureeeinreeirrrreetreessteeerseressaesonssseesssessssessssssssseesssesesseessasssssneos 6
2.2.1  Effect of wall Wettability .......ccceevieiinimiinieiiecieiceetentt et 8
2.2.2  Industrial appliCatiONS .......ccevueereereerierieeenieenee et erre s ste e e e e e s e sneeeeas 10

2.3 TAYIOT FlOW ettt ettt e e 12
2.3.1 Bubble formation and bubble length............cccoeriiiiiniiinieeee 12
2.3.2  Bubble Shape......cccoviiiiiii e 18
2.3.3  VelOCItY fIL1A ..ottt et s sab e st ssrae e e e 21
2.3.4 Heat tranSIer......cooviieiiiiiceeeeeee ettt 29

2.4 ADNNUIAT FIOW ottt st 33
2.5 SUIMIDALY c.oviiniiieiienieeiente ettt ettt cene s n e s se s e se st ese s st eaneesseesesaneneesnesnnes 35
Chapter 3 36
3.1 Choice of working fluids and cONdItions ............cceeeeverreeriierieeciieecreeeeenre e 37
3.2 Apparatus for vertical Taylor flow eXperiments ............ccceeeveveereeverieencesencrneenneen. 39
3.2.1  FlOW 100D dESIZN.cuuuiiiiiiiiiiieeieee ettt 39
322 MIXET AESIZN cueeeuviieiieiieiieerieeee e et e st e steese s e seesse e taesseesaaessasesssaessnesnsessaenans 42



3.2.3  Brightfield flow viSualization .........c.ccceceeviioiieieiniiieeeeeeieeeeeeer e 43

3.2.4  Multi-block heat transfer measuremMents..........ceeveeeeerreerieerieerieeenienereseeseeeenes 45
3.3 Uncertainties in the two-phase heat transfer analysis ........cc.cooeceeveerercenrencenennenne 56
3.4  Apparatus for horizontal Taylor flow eXperiments..........c.ceeeeereerruernrueereenieesreeeenene 57

3.4.1  FlOW 100D dESIZN...cuuiieiiiriiiiieeceite ettt st e e st sae s 57

3.4.2  Brightfield MICIOSCOPY ..ccveirierriiirieriirierrerie et eete e e sieesrtesaaessbe e e e sssessaesseas 58

3.4.3  Micro-particle Image Velocimetry (WPIV) visualization........cccceeceeeerieeveennnne. 59

3.4.4  Heat transfer MeasuremMents.........cccevvuereienienieennierceree et 62
3.5 SUIMIMATY oottt ettt ettt s eat s s s r s b e nsesaneeesseennens 62

Chapter 4 63
4.1 PreSSUTE ATOP ..cocmeeeeiiieiiiceeeeteree sttt e e e s ssee e sme e mseesse e s se e seesaneseeeane 63
4.2 FIOW ViISUALZALION «...eeeiiiiiierieeeeeiieereee e e e e see s sseesbe e ne s st e e s e seeesseesasesseeeanes 67

4.2.1  VOIA fTACHION trvvereeereiiniiirieeeiiecesrrereeecessireeereeeseseessssasseesssssssssssssnesressessassreneiees 70

4.2.2  Film thiCKNESS ..eeovviiiirierieniieiteeetceeeie e et et s st e s e sae s e sre s ens 73

4.2.3  Bubble length, liquid slug length and bubble frequency ......c...ccceevveverviencnncne 76
4.3  Bubble and slug lengths prediCtion ........coceeeereeriinieeeceeeeceeee e 79
4.4 SUININATY .eeeeiiiniiiiiiiiiiirciiits e eeises e senre e sert e s e ssbt e e s e aencsesssbassssasaseesensmnnessssssessesnnees 83

Chapter § 84
5.1  Multi-block heat transfer results for the nitrogen-water system .........ccccceeevveerrueennne. 85

5.1.1  Effect of MiXture VEIOCILY ...ccouvierviiirniieriiieeiieeeieeeerreectresreeeere e s ee e e e earaeenes 87

5.1.2  Effectof sluglength.....ccooooiriiiiiiiiiiieereeceeecteere e 89

5.1.3  Effect of homogeneous void fraction..........ccceeeeveeeriieeniiniiieenirieneeer e eseeeeens 90
5.2 Multi-block heat transfer results for different liquid phase fluids ..........cccceeveunennee. 93

5.2.1  ParametriC StUAY.....coveviieriiiriiiereiereieeiitessteeertee e s ee e e e aeeernae e rseeeensesernaennns 96
5.3 SUIIMATY «.oeoiiiiiiicieei ittt ettt ettt ae et e b e r e st e b e e s e ssaessaesbenaeenes 101

Chapter 6 103
6.1  Heat transfer meChanisSms ........ccoecuervcerireninienieee et 104
6.2  Heat transfer correlation for nitrogen-water SYStem ..........coccevevciereenrereeeereernsvennes 108
6.3  Validity of the nitrogen-water model for general applications ...........cocceevvereerunenne. 111

6.3.1  Comparisons with data and correlations in the literature........c..ccoccevcervevcnnnens 111

6.3.2  Comparisons with results from the other two working fluids ........cccccecueneeneee. 113
6.4 Development of a model for general applications .........c.ccecceeeeveeeveeniienensicncinneencn. 115

X



6.4.1  Size and efficiency of recirculation inside the liquid slug......cc.ccccceevvrvevcnnnnss 115

6.4.2  General model for Taylor flow heat transfer ........cc.ccooceevciniiiiniiinnienes 119
6.5 SUITINIATY .eeeoeerieiieiriereteeeereeesseeeseceeseneeesaresssnesesseseenasesamaesanbesessreerasaeaessaesnsesansens 121
Chapter 7 123
7.1 WOrKIng CONAItIONS ...c.uveeumeeeiiieiierieeie et ee s et e e s aesneesresnes 124
7.2 Brightfield MICTOSCOPY ..cocueeriiriiriiniiriiirieieniintctes ettt ese vt b s esnes 125
7.2.1  Effects of Bond nUMDET ......c.c.ooiiiiiiiiiieieeeteece e 127
7.2.2  Effect of bubble length...........oocieriiiriiinieiiirceeeeesee et 128
7.2.3  Effect of Capillary number and Reynolds number ...........cccceccevveennennncrnenens 130
7.2.4  Variation of film thickness in the circumferential direction.........ccccccceeuueneen. 131
7.3 HPIV MEASUICINENLS ....ovveerrerieeeeeeriereenereeeeereeeseererteeeeseseressssnreesssseasessessneessssneeses 133
7.3.1 Drainage flow in the liquid film.......cccoovireoiinieinieire e 133
7.3.2  Flow field inside the liquid SIug ....c..ccocevveeieieenennn. O 136
7.4  Fluid dynamics model for the drainage flow ........c.ccovvireniniiiinniiniiieeccinne, 138
7.4.1  Comparison of experimental results with the analytical solution.................... 142
7.5  Heat tranSer ....coiieiiiiiiiiiiccectctr s 145
T.6  SUININATY ..eeeririirrrereereeiieeiiteenseteeraneessaresesessseesssaessssnnesssssssnsesssssessossunssssassmssesnes 147
Chapter 8 149
8.1  Modifications of the experimental SEt-Up........c.cccervveiruiiiiniiiiciiniinicicres 150
8.1.1  FlOW LOOD AESIZN...uieeiiiiriiiiiieiieeieeree ettt ettt ereneessaesrr e s saseesse e st e sreennns 150
8.1.2  ViSUAlIZALION LSS ..eervvieuiieiieeieinee e e et e et s e s ene 151
8.1.3  Heating test SECOM ....viveiierieeriierrierieitercreerreessteeeseeessaeseesseessneesaneessnesseesasennes 152
8.2 FLOW CONAILIONS ...ueeereeieiiinceieeteereeer st ettt s e sreeeese st e aesne s se s e enensessnens 158
8.3 FlOW ViISUAlZAION ..ccueinniiiiiiiiieeicececeee et ee e e eee s e e 159
8.3.1  Effect of gas and liquid flow rates........ccecevirvuieiiroriniiinininiinicnicninnnienens 161
8.4 PIESSUIE AIOP ..courerireierieerienieiieteetenece et te e see s ee st e e st s s esne s e s nessnessaesseensennansesns 162
8.5 HeEAt tTaANSTEI c...oeiiiiiiiiee ettt s 164
8.5.1  Effect Of €VaAPOTation.....c.c.coveeuirreeeeeierierieneeeeee ettt sene e 166
8.0 SUIMIMATY .eeeieuiiieiieieieeiiteeriteeeitie e sttt estteeebeesteesstaeesessseessseesasaesssesesssseesssseesseesarens 169
Chapter 9 172
0.1 CONCIUSIONS ..ottt e e st nnesmneas 172
9.1.1  Experimental deSiZN......cccceecuerrueiirerrerirrerercerieercscereereeenssee e esresneresreens 172



9.1.2 Flow and heat transfer characteristics of vertical upward Taylor flow ........... 173

9.1.3  Taylor flow heat transfer modelling .........cccooooeerieinininnineeceeeeeeeee 174
9.1.4  Gravitational effect on horizontal Taylor flow ..........cccceeceeciiniiiniiniinnienenne. 175
0.1.5  ANNUIAT flOW ..eoiiiiiieieee ettt ettt ettt 176

9.2 Recommendations for future WOork..........ccooeeeieeneeiieiiien e 177
0.2.1  TaYlOr flOW ittt es et et sre e e sra e s aeeene 177
9.2.2  ANNUIAT IOW .eeiiiiiiiiireceee ettt ettt e s s e snr e 178
) ) (1 L e 179
Appendix A: Micro-Particle Image Velocimetry (uPIV) System.......ccccvvmmnvenrenninnes 190

xi



List of Figures

Figure 2.1: (a) General classification of flow patterns suggested by Shao et al. (2009) and (b)
morphology of the bubbly, Taylor, churn, Taylor-annular and annular air-water flows
obtained by Triplett et al. (1999a) from a horizontal circular tube of 1 mm diameter and

dispersed air-water flow obtained by Yang and Shieh (2001) from a 3 mm tube..................... 8

Figure 2.2: Effect of wall wettability on flow pattern morphologies for air-water flows in a
square channel with d, = 525 pm. The hydrophilic flows were carried out in a silicon channel
with glass top (6, ~ 9° for silicon and 8, ~ 25° for glass) and the hydrophobic flows were

carried out in the same channel with Teflon coating (6, ~ 120°). Taken from Cubaud et al.,

Figure 2.3: Typical operating conditions for different micro-chemical applications, modified

from Giinther and Jensen (2000)........coo et e e rar e s e e aae s 10

Figure 2.4: Bubble formation mechanisms as a function of the mixer Capillary number: (a)
squeezing regime, Caypy = 0.004, (b) transition to shearing regime, Cary = 0.035, and (c)

jetting regime, Cay p = 0.05. Taken from de Menech ef al. (2008). ......cccccrvvvevreerienreerieennnns 14

Figure 2.5: Variation of bubble shapes with different flow parameters: (a) § = 0.5, Rerp = 500,
Ca = 0.01, (b) 8 =0.5, Rerp = 1000, Ca = 0.01, (c) B = 0.5, Rerp = 2000, Ca=0.01, (d) p =
0.2, Rerp =20, Ca =0.20, (¢) $ =0.2, Rerp = 20, Ca = 0.38, (f) f = 0.2, Rerp = 20, Ca = 0.50,
and (g) f=0.2, Rerp =20, Ca = 1.0. Modified from Edvinsson and Irandoust (1996). ........ 19

Figure 2.6: The bubble shape obtained in a 1.97 mm horizontal channel for flow with
Rerp~12 and Ca ~ 0.036 (Gupta ef al., 2010C)..c..ccuerimriereiieenieieeceieneeetesree et 21

Figure 2.7: Possible streamline patterns in a reference frame moving with the bubble for

different ratios of bubble to mixture velocities suggested by Taylor (1961).........cccceveueneene. 22

Figure 2.8: Effects of Capillary number on the streamline pattern for Rerp = 10 at
(a) Ca =0.01, (b) Ca =0.1 and (c) Ca = 1. Taken from Feng (2009). .....cccceecverrrrrvirvenrenns 23

xii



Figure 2.9: Velocities relative to the bubble inside the liquid slug for a horizontal rectangular
microchannel (d, = 187.5 um) using (a) ethanol and (b) 10 wt% glycerol/water mixture as the
liquid phase. The red curves indicate the interface, and blue curves and dots indicate the

stagnation rings and points, respectively. Modified from Waelchli and von Rohr (2006)......24

Figure 2.10: Asymmetric flow patterns due to the different configurations of the bubble ends
in a d = 187.5 um horizontal rectangular microchannel using (a) water and (b) ethanol as the
liquid phase. Taken from Waelchli and von Rohr (2006). ........ccccevvvererenirenensennenerrenenenns 24

Figure 2.11: Effect of gravity in horizontal microchannels for Rerp = 0, Ca = 0.05 and
Bo =0.6. The greyscale contour plot shows pressure, the dashed lines are constant pressure

lines and the white solid lines with arrows are streamlines (Zheng ef al., 2007). ................... 25

Figure 2.12: A profile of the wall pressure distribution in the axial direction for flow with
Ca= 0.01, Rerp = 100, g = 0.65 calculated for a circular tube of 2.3 mm. Taken from
Kreutzer €t al. (2005D). ..oi ittt eetee e e e eeare e e e e s eranr e s e s bnaesenareesernns 26

Figure 2.13: Streamlines originating from the bubble surface in a 2 mm circular channel for a

1

mixture velocity of 0.1 ms~ and a homogeneous void fraction of 0.66 in a stationary

reference frame (Gupta ef al., 2010C). cc.c.ueeererireiiiriiieieeeee et es e s sireessne e 28

Figure 2.14: Transient large-amplitude wave formation of nitrogen-water slug-annular flow
in a 1.73 mm tube for a flow condition at U, = 0.071 m s "' and Ug = 1.77 m ™. Taken from

Fouilland et al. (2010)...c...cooiiniimmiiiiiiiiiii s 33

Figure 3.1: Schematic of the experimental apparatus for nitrogen-water Taylor flow.
(Pac = piezoelectric pressure transducer, Ppc = absolute pressure transducer, T; = inlet
temperature thermocouple, T, =outlet temperature thermocouple, T, (n=1, 2...10) =

thermocouples for block temperature measurement. ........cc.eeevueeerieerinsieereerieenreeeiee e eeeeeees 40

Figure 3.2: Schematic of the modified system for Taylor flow heat transfer and visualization

experiments involving the use of ethylene glycol..........coccociiviiiiiniiiniininiiniincces 41

Figure 3.3: (a) Schematic of the mixer design; (b) View of the centre plane of the circular T-

junction mixer and the test section microchannel..............ccooviiiririnniiinienennerceeeee 42

Figure 3.4: Schematic diagram of the RIM-SYStem. .......c.ccecueviirieninniinieniiiicnenrenecrcieaens 44

Xiil



Figure 3.5: Optical bubble frequency against pressure fluctuation frequency. .......cccocenee.e. 45

Figure 3.6: (a) Schematic of the ohmically heated test section and (b) a picture of actual test

section (lagging reMOVEd).......cccooiiiiiiriiiiiiiiicri ettt 46
Figure 3.7: Schematic of the heat flows in the heating zone. ......c..ccecceeieeveencinniiniecieeeene 48

Figure 3.8: Typical wall temperature distributions of zero fluid flow experiments with both

experimental ( @ ) and calculated (0 ) wall temperatures of different blocks shown............... 50
Figure 3.9: Overall heat balance for the heating System..........ccccoceevinveniininieniniiiienineennene 52

Figure 3.10: Comparison of the experimental single-phase local Nusselt numbers with the
theoretical results for thermally-developing and hydrodynamically fully-developed laminar

flow for constant wall boundary conditions suggested by Shah and London (1978).............. 53

Figure 3.11: Variation of the saturation vapour pressure, Py, with temperature for water (W),

50 wt% ethylene glycol/water mixture (EG/W) and ethylene glycol (EG). .......cccvvevinnnennee. 55

Figure 3.12: Schematic of visualization experimental apparatus for the investigation of the
gravity effect on Taylor flow (PAC = piezoelectric pressure transducer, PDC = absolute

pressure transducer, Tin = inlet temperature thermocouple). .........ccovvvviiiiincueiinenniiniieniinns 58

Figure 3.13: An arbitrary cross-section in the bubble region showing the visualization angles

for brightfield microscopy and the focal planes for pPIV measurements. ..........ccccceeceeeneennee. 59

Figure 3.14: A schematic of a pPIV system showing the pathways for illuminating and
reflected lights. Modified from Fouilland (2008). ....cc.coomviiiiiiiiiececceeeeeceeeeeeeeeee 60

Figure 3.15: Comparisons of the experimentally determined velocity profile at the horizontal
centreline for a single-phase laminar flow (Re; = 6) with the parabolic velocity profile for

single-phase fully-developed laminar flow. The tube diameter is 2.12 mm......c.ccceoveveveneenee. 61

Figure 4.1: Comparison of the measured inlet pressure with the calculated values using Eq.

(A1) e a e bbb 64

Figure 4.2: Variation of the ratio of calculated to experimental pressure drop, APca/APexp,

with the Reynolds number, Rerp = prUTpANUL. «eeeeoeveeeeieeeeeieee et 65

Xiv



Figure 4.3: Comparison of the measured inlet pressure with the calculated values using Eq.

(4.2) for experiments using water as the liquid phase. .......c..coccovvrviinennininnniccinnicecns 66

Figure 4.4: Typical images of bubble heads and tails for § ~ 0.5 at different mixture velocities
for fluids of (a) water system, (b) ethylene glycol/water mixture and (c) ethylene glycol......67

Figure 4.5: Schematic representation of the flow structure for Taylor flow. ... 69

Figure 4.6: Comparison between the experimental void fraction calculated from measured
film thicknesses with values obtained using the experimental bubble velocity in Eq. (4.3) for
the EG SYSIEIML ..eeuviiuiiiiiieriiiieitet ettt ettt ettt st e b s e sat e sba s bt et ae e 71

Figure 4.7: Comparison of the experimental velocity ratio with the correlations suggested by

Fairbrother and Stubbs (1935) and Liu et al. (2005) and a modified Liu’s correlation. ......... 73

Figure 4.8: Comparison of the normalized experimental film thickness versus Capillary
number with the correlations derived by Aussillous and Quéré (Eq. 4.6) and Irandoust and

ANAErSSON (BQ. 4.7). couiiiiieininieitcitittctet ettt et sttt 75

Figure 4.9: The effect of § on normalized bubble length, liquid length and unit cell length and
bubble frequency at Urp = 0.21 m s obtained using the (a) TM1, (b) TM2 and (c) TM3 T-

mixers and water as the liquid phase. ..o Tl

Figure 4.10: Plots of the relationship between the normalized bubble length, liquid slug
length, unit cell length and bubble frequency with the homogeneous void fraction for (a)

EG/W system and (b) EG system using TM1 mixer at Uzp ~ 0.21 m S e 78

Figure 4.11: Comparison of the normalized bubble length between the experimental data and
the predicted values obtained from Eq. (4.10). The broken lines represent the +30% bounds

Of the prediCtion VAIUE. ......coooiiiiiiiiiiiiiiiecreecie ettt s 81
Figure 4.12: Comparison of the ratio of bubble to slug lengths with f/ (I = B)..cccccevvuveuenene. 82

Figure 5.1: Typical results for (a) the wall heat flux, (b) the mean wall and fluid temperatures
and (c) the Nusselt number of each heating zone at Urp=0.21 m s'l, L =0.5, Lgd="1.46
USING the TIMZ IMUXET....couiiiiriiiiiiiniiiict ettt a et ens 86

XV



Figure 5.2: The effect of mixture velocity on (a) the normalized Nusselt number (Nu*) and (b)
the normalized slug length (Lg/d) at § = 0.5. The error bars represent one standard deviation

fOI thI€E TEPLICALES. ... eieeureeriieeriiieite ettt ettt e e s eb e s eebe s s staeessba e s s aeese e 88

Figure 5.3: The effect of normalized slug length (Lg/d) on the normalized Nusselt number
(NUF) BE S~ 0.5, ettt ettt ettt et s se e se b e e e e e s b s e e st b ae 90

Figure 5.4: The effect of homogeneous void fraction () on the normalized Nusselt number
(Nu*) in solid symbols and slug length (Lg/d) in open symbols (Urp=0.11m sT(*),
Urp=021ms" (0), Up=032ms" (&), Up=042ms” (o), Up=0.53 ms" (¥)) with
the gas-liquid mixture being generated using the (a) TM1, (b) TM2 and (c¢) TM3 mixers.....92

Figure 5.5: Typical results for (a) the wall heat flux, (b) the mean wall and fluid temperatures
and (c) Nusselt number of each heating section at Urp = 0.21 m s'l, =049, Lyd = 7.81
using EG/W as the liquid phase and the TM2 mixer. .............. e et 94

Figure 5.6: Typical results for (a) the wall heat flux, (b) the mean wall and fluid temperatures
and (c) Nusselt number of each heating section at Urp = 0.21 m st [=048, Lgd = 596
using EG as the liquid phase and the TIM2 MiXET. ....cccccceeiviiiiriuiirinrieecnitenieeeeeeesiesseesenae s 95

Figure 5.7: Comparisons of the dependence of (a) the normalized Nusselt number and (b)
normalized slug length on mixture velocity (f ~ 0.5). The error bars represent one standard

deviation Of three TEPLICALES. .....ccuiiviiriirieeee e st 97

Figure 5.8: Comparisons of the dependence of the normalized Nusselt number on normalized
slug length for (a) Urp~ 0.21 m s'l, S~ 0.5 and (b) Urp~ 0.42 m st B ~ 0.5. The error bars

represent the standard deviation of three replicates. ..........coevvirverieiiiinviinicnicniniiicinieeecnns 98

Figure 5.9: Comparisons of the dependence of the normalized Nusselt number on
homogeneous void fraction (Uzp ~ 0.21 m sy with the gas-liquid mixture being generated

using the (a) TM1, (b) TM2 and (C) TM3......oomiieeeeee et 100

Figure 6.1: Schematic of Taylor flow with the blue box highlighting a unit cell which consists
of a gas bubble and a liquid slug. The red arrows indicating possible heat transfer pathways:
(1) heat transfer from the wall to the film around the bubble, (2) transfer of heat accumulated
in the liquid film to the liquid slug and (3) heat transfer from the wall to the film and slug in
the SIUG FEZION. ...ceiiiiiii e s 104

Xvi



Figure 6.2: Comparison of experimental data obtained from the water experiments with the
correlation proposed in Eq. (6.3) for Taylor flow heat transfer and the theoretical length-mean
heat transfer coefficient for thermally developing single-phase laminar flow for constant wall

heat flux boundary condition (NUmH)- «-ceeeeereerrerrienerreereerte et ere e e see e 110

Figure 6.3: Comparison of data in the literature for the apparent slug Nusselt number (Nu;)
with the correlation given in Eq. (6.3) for Taylor flow heat transfer derived based on data

obtained from water-nitrogen eXperiments. ........coeceeeieriieririienieenieenieieneeseeeeessressesseesaesnens 112

Figure 6.4: Comparison of experimental data obtained for the EG system with the theoretical
length-mean heat transfer coefficient for thermally developing single-phase laminar flow for

constant wall heat flux boundary condition (Nup i) and EqQ. (6.3)..cccceceeeenervencnnnenieneeeene 114

Figure 6.5: Schematic of the recirculation zone inside the slug and the radial locations of the

recirculation centre, ry, dividing streamline r; and gas/liquid interface rg. .....ccccocieiniinn 117

Figure 6.6: Locations of the recirculation centre, ry, and dividing streamline, r;, and the gas-
liquid interface in the fully-developed film region, rr, and the Recirculation number, @, as a
function of the Capillary number and velocity ratio (Up/Urp) estimated using Egs. (4.5) and
(B0 ettt ettt s b e a e e b e e e et e e e st e se e s e e e ne e s ne e re e nneeneens 119

Figure 6.7: Comparisons of the apparent slug Nusselt number between the experimental data

and the predicted values obtained from Eq. (6.9). ...c..coveiiioiiiiiieceeeeee 120

Figure 7.1: (a) Bubble shape observed in a 2.12 mm horizontal channel and (b) the digitized
bubble interface on the vertical plane (Bo = 1.028, Rerp = 10, Ca = 0.038, f = 0.47).......... 126

Figure 7.2: Effect of Bond number on the variation of the top and bottom film thickness for
flow with similar Capillary (~0.073) and Reynolds (~15) numbers. The bubbles are aligned at
the Bubble NOSE. ...c.eoiiiiiiiii e 128

Figure 7.3: Comparisons of bubble shape for superimposed bubble noses on the vertical

centre plane for different values of § at Bo = 1.028, Ca = 0.038 and Rerp = 10. .................. 129

Xvil



Figure 7.4: Bubble shapes obtained using a 2.12 mm channel (Bo = 1.028) for different
mixture velocities (a) 0.09 m s (8 = 0.47, Rerp = 10, Ca = 0.038), (b) 0.17 m s (8 = 0.45,
Rerp = 20, Ca = 0.073), (c) 0.32 m s™' (8 = 0.41, Rerp = 37, Ca = 0.136), (d) 045 m s (B =
0.37, Rerp =52, Ca =0.193). ettt st 130

Figure 7.5: Comparisons of bubble shapes on the vertical plane obtained using a 2.12 mm

horizontal channel (Bo = 1.028) for different mixture veloCities. ........ccceeeveeercrieenriierrveennnne. 131

Figure 7.6: Variation of normalized film thickness in the circumferential direction from the
top to the bottom with the film thickness obtained 1d from the bubble nose for cases 7.4 (a) to
(c) and near the bubble tail for case 7.4 (d). .covevveeeeeeeeeeeeeeeeeere e 132

Figure 7.7: Comparisons of the normalized film thickness obtained at various circumferential
positions with Eq (4.6) and Eq (4.7). The experimental film thicknesses were obtained from
the bubble nose for cases 7.4 (a) to (¢) and near the bubble tail for case 7.4 (d)................... 133

Figure 7.8: Transient recording of liquid film drainage and axial velocities in a 2.12 mm
horizontal channel (Bo = 1.028) for Uzp = 0.09 ms'l, (Rerp =10, Ca = 0.038) and = 0.47 at
a distance of (a) 43 um, (b) 86 pum and (c) 129 pm from the wall.........ccccevvvveeeeririnenrnnnnenn. 135

Figure 7.9: Typical plots of relative velocity vectors in a frame of reference moving with the
bubble for regions (a) near the bubble head and (b) bubble tail obtained at the vertical centre
plane using the 1.69 mm channel (Bo = 0.653, Rerp = 17, Ca = 0.076). The black and brown
curves indicate the field of visualization and gas-liquid interface, respectively. The black
arrows and blue lines are the relative velocities and streamlines, respectively. The red arrows
show the radial positions of the recirculation centre (rp) and streamline dividing the

recirculation zone from the wall film [aYer (7). ...cooveeveriieriieieee et 137

Figure 7.10: (a) Schematic of a bubble, (b) cross-section in the bubble region away from the

{2101 o) oY (SIS 1 (o KT TSR 139
Figure 7.11: Variations of Uy/Urp with Ca for fixed values of Bo at 6 =90°................c....... 142

Figure 7.12: Comparisons of the experimental drainage velocity profile with the analytical
solution for different flow conditions: ( ®) Bo = 0.653, Rerp = 10, Ca = 0.046, ( ®) Bo = 0.653,
Rerp = 17, Ca = 0.076, (®) Bo = 1.028, Rerp = 10, Ca = 0.038, and (®) Bo = 1.028,

Xviii



Rerp=20, Ca = 0.073. The lines with the corresponding colours show the prediction values

USINE EG. (7.8 ettt et et 143

Figure 7.13: Comparison between the experimental film thicknesses and the calculated values
using Eq. (7.15) at @ = 90°, with the broken lines represent the + 15% bounds of the
PrEdiCted VALUES. ..ooneeiieiieniiete ettt ettt e et e et s e e e e s s e s e se e e e seens 145

Figure 7.14: Comparisons of the normalized Nusselt number in the fully-developed region

between the horizontal and vertical systems for f ~ 0.5. The error bar indicates one standard

deviation for the normalized Nusselt nUMbEr (Nu).......cooovvvveeeeeeieeeeeeeceeceeeee e 146
Figure 8.1: Schematic of the experimental facility for annular flow experiments. ............... 151
Figure 8.2: Variation of heat loss constant with average wall temperature.............c.ccceucu..... 153

Figure 8.3: Comparisons of the heat transfer rate for single-phase laminar flows with the
theoretical value for simultaneously developing flow for constant wall heat flux boundary

COMAILIONS. +1tveeriereerereeitreaasresessesseesesessnesserssesessessassssossessesesesssssssnsesessssssssssssessssnssnnsssssossonsesmnes 154

Figure 8.4: Comparisons of the Nusselt number between the multi-block (e ) and bare tube
(0) heat transfer experiments using water as the liquid phase. The solid line represents the
theoretical results for thermally developing laminar tube flow under a constant wall heat flux

boundary condition suggested by Shah and London (1978).......ccceeveriieineenvrenirnnceeeneenenens 155

Figure 8.5: Comparisons of the Nusselt number between the multi-block (® ) and bare tube
(o) heat transfer experiments using ethylene glycol as the liquid phase. The solid line
represents the theoretical results for thermally developing laminar tube flow under a constant

wall heat flux boundary condition given by Shah and London (1978)......cccceceeeervenvnneencnne. 157

Figure 8.6: Comparisons of the normalized Nusselt number in the fully-developed region
between the two heating systems. The error bar indicates one standard deviation for the fully-

developed heat transfer data used to obtain the normalized Nusselt number (Nu*).............. 158

Figure 8.7: Typical images for flow with U, = 0.02 m s” and Ug ~ 9.5 m s™ using (a) water
and (b) ethylene glycol as the liquid phase. .........cccoeveereriiminiiieciiercecce e 160

Figure 8.8: Typical flow structures at discrete time moment for flow with different gas

velocities, (a) Ug =4.8 ms”, Reg =530 (b) Ug=9.5m s, Reg = 1060 (c) Us =173 m s,

XiX



Reg = 1930 and (d) Ug=26.0m s'l, Reg = 2890 at constant liquid velocity (U, = 0.02 m s'l,
REL = A3 e e et e et e e e e e e e e b b aeae e tbaaeaeaaannaraeaaanataeaentaaaanans 161

Figure 8.9: Typical flow structures at discrete time moment for flow with different liquid
velocities, (a) U, =0.05 m s'l, Re; =108, and (b) U, =0.11 m s'l, Re; =217 at constant gas
velocity (Ug =173 M 8™, ReG = 1930).....coimieeeeereeesieseeseseeseessssessssessssesssessssssssssassanns 162

Figure 8.10: Inlet pressure measured at the liquid stream near the T-junction mixer for ( ©)

Rep =43,(0) Re;, =108, and ( A ) Rey, = 217 as a function of the gas superficial velocity. 163

Figure 8.11: Comparisons of the measured inlet pressure with the calculated values using the

Lockhart-Martinelli correlation (1949) for (¢ ) Re; =43, (O ) Re;, =108, and ( A ) Re;, = 217.

Figure 8.12: Temperature profiles along the wall, inlet and outlet temperatures for flows with
a fixed liquid flow rate (Re; = 43) and various gas flow rates (530 < Reg < 2890) for the same
heat input, Qin = 4.7 Wittt s e s aee s e s se s e 165

Figure 8.13: Variations of the normalized Nusselt number ( ®) and the fraction of evaporation

energy (<) with the gas Reynolds number for corresponding conditions used in Figure 8.12.

Figure 8.14: Temperature profiles along the wall, inlet and outlet temperatures for annular
flows with a fixed liquid flow rate (Re; = 43) and various gas flow rates (530 < Reg < 2890)
without heating. The lines of corresponding colours are adiabatic saturation temperature

estimated using Aspen HYSYS SOftware. ......cccueeureieeiiiiiieeeeeeeeee e 167
Figure 8.15: Schematic of Aspen HYSYS process flowchart. .........ccoccocieviiiencninninennnen. 167

Figure 8.16: The variation of the outlet temperature with the wall heat flux for fixed liquid
and gas flow rates (Re; = 43 and Reg = 1930). The lines are the calculated outlet temperature
for which a fixed portion of the heat input (Qg/Qi» = 0, 0.2, 0.5, 0.7 and 0.8) goes to

EVAPOTALIONL. c..eeeeeritieeneeeeeeenr e stae st sat e s et e see e ee st e s e s s b e st s e e e s eaneesabaesassesnaesbaesabnesasesataes 169

XX



List of Tables

Table 2.1: A list of the non-dimensional numbers characterising the multiphase flow in
microchannels. Taken from Gupta ef al. (2010a). ......coeierieiiiniiiecereeeeeeeee e 5
Table 2.2: Industrial applications of Taylor flow in microchannels. ..........ccccoeceeeiicrenniiennnnne. 11
Table 3.1: Physical properties of the working fluids at 25 °C and atmospheric pressure. ......38
Table 3.2: Operating conditions and related dimensionless NUMDbETS..........ccceeverevircreirercnnneas 39
Table 3.3: Geometrical parameters Of the T-MmiXers. ......cccoceeeeireiiiiioineree e 43
Table 3.4: Electrical resistance of the band heaters in the temperature range of 20-100 °C. .47
Table 3.5: Conductance loss to the surroundings and adjacent blocks. ........ccoocvvivviinincinnne. 49
Table 3.6: Uncertainties of individual measurements and calculated Nusselt number. .......... 57
Table 6.1: Existing correlations for the Nusselt number of Taylor flow........c.cccoovvniinnnne 107
Table 7.1: Properties of ethylene glycol and nitrogen at 21 °C and atmospheric pressure. .. 125
Table 7.2: The operating conditions and related dimensionless numbers. ..........ccocceeveennne 125
Table 8.1: Axial locations of surface thermometers. .........cccoocuviriiriiiiniiiieiiee, 152
Table 8.2: Summary of the flow conditions studied. ...........ccecueerieiiiinienreneeniece e 159

XX1



Nomenclature

a,b Constant
Apm Cross-sectional area of a T-junction mixer (m?)

AAprojected  Projected area of the bubble (m?)

Ag Surface area (m?)

Bg Pressure gradient in the gas phase (Pa m™)

B, Pressure gradient in the liquid phase (Pa m™)

Bo Bond number (Apd?g/o)

€y, C3, C3 Constant

Closs Overall heat loss constant (W K™)

ct Thermal conductance between block i and the environment (W K
C i’,Ji+1 Thermal conductance between block i and i + 1 (W K™
Ca Capillary number (u; Urp/0) | o
Capm Mixer Capillary number (u;, Q. /0Ap)

(fp Average specific heat capacity (J kg™ K"

Cpwall Specific heat capacity of wall (J kg'1 K'l)

d Channel diameter (m)

dg Bubble diameter (m)

dparticle Diameter of fluorescent particles (m)

dy Internal diameter of a circular T-junction mixer (m)

e.f Exponents

Fp Bubble frequency (Hz)

fni> fti Frame numbers when the i bubble nose and tail appear on the video image
g Acceleration due to gravity (m )

Gz Graetz number (L/(Re - Pr - d))

h Heat transfer coefficient (W m™> K1)

Ah Displacement of the bubble (m)

q Average specific enthalpies (J kg

H,, Enthalpy of vaporization (J kg™)

hg Slug heat transfer coefficient (W m™> K™)

hrp Two-phase eat transfer coefficient (W m? K"

xxii



k; Thermal conductivity (W m™ K™)

L Length (m)

Ly Bubble length (m)

l, Bubble length developed in the expansion stage (m)
Lpeating Total heating length (m)

Lg Liquid slug length (m)

Ls Dimensionless slug length (Ls/(Regp - Pr - d))

Lyc Unit cell length (m)

m Total mass flow rate (kg s

me Gas mass flow rate (kg s™)

Mg Molecular weight of gas phase (kg mol™)

M, Molecular weight of liquid phase (kg mol™)

My; Total mass of liquid evaporated from the entrance to block i (kg s™)
n Exponent

Nu* Normalized Nusselt number (Nurp/Nuy o)

Nu; Experimental Nusselt number of block i (h;d/k;)
Nu;, Fully-developed liquid-only Nusselt number for constant heat flux conditions
Nu; Apparent slug Nusselt number (Nu; = NurpLyc/Ls)
Nug Slug Nusselt number (hgd /k;)

Nurp Two-phase Nusselt number (h7pd/k;)

p.q Exponents

P Pressure (Pa)

Psar Saturated vapour pressure (Pa)

Pe Péclet number (Rezp * Pr)

Pr Prandtl number (Cpu; /K1)

Qai Heat loss to the ambient for block i (W)

Qav Average wall heat flux (W m™)

Qr Heat needed for liquid phase evaporation (W)

Q¢ Gas volumetric flow rate (m>s™)

Q £ Qoxch Heat transferred to the fluid (W)
Q; Heat input to block i (W)
Qii—1,Q;i+1 Heat transferred from block i to blocks i — 1 and i + 1 (W)

xxiii



4qi

Qi
Qin
QL
Qioss

Wall heat flux to block i (W m?)
Heat input to block i (W)

Total heat input (W)

Liquid volumetric flow rate (m3 s'l)
Heat loss to the environment (W)

Radial position (m)

Radial positions of the recirculation centre and the dividing streamline (m)

Radial position of the gas-liquid interface of the fully-developed film (m)
Channel radius (m)

Bubble radius (m)

Resistance of band heater i (Q)

Gas Reynolds number (Ugpsd/pg)

Liquid Reynolds number (U p;d/u;)

Twlo—phase. Reynolds numbef (Urp pL d/ /.tL)

Height of a rectangular channel (m)

Time difference (s)

Ambient temperature (K)

Mean fluid temperature at the centre of block i (K)
Inlet temperature (K)

Log mean temperature difference (K)

Outlet temperature (K)

Mean wall temperature for block i (K)

Velocity component in the x-direction (m s'l)
Velocity (ms™)

Bubble velocity (m s™)

Drainage velocity (m s™)

Film velocity (m s™)

Superficial gas velocity (ms™)

Superficial liquid velocity (m s™)

Two-phase mixture velocity, Urp = Ug + Uy, (m's™)
Velocity component in the y-direction (m s'l)
Input voltage (V)

Volume displaced due the bubble rise (m’)

XXiv



v(r) Relative velocity in the liquid slug at the radial position r (ms™)

Vg Volume of bubble at the core (m°)

Vboay Body volume of wall (m*)

Uy Local axial velocity (ms™)

Vs Volume of slug at the core (m’)

w Width of a rectangular channel (m)

Wpg Bubble width (m)

We Webber number (p,UZ,d /o)

Xg Mass fraction of the gas phase

X Cartesian coordinate (R@) (m)

y Cartesian coordinate (R — r) (m)

z Axial location (m)

AZ , Dis‘tar‘lce moved_ by the bubble nose in a time; Qf 7 (m)
Greek Symbols

a, &z, 03 Constants

B Homogeneous void fraction ( Ug /Urp)

Or Film thickness (m)

6, Displacement of the moving interface within one frame period (m)
& Void fraction

0 Circumferential position

O Contact angle

PL Density of liquid phase (kg m™)

Pe Density of gas phase (kg m™)

Pwall Density of wall (kg m?>)

Ap Density difference (p, — pg) (kg m>)

Up Liquid viscosity at the bulk fluid temperature (kg m™ s™)
U Viscosity of gas phase (kg m™ »)

Uy Viscosity of liquid phase (kg m™ s™)

Uy Liquid viscosity at the heat transfer boundary surface temperature (kg m’s?
¢ Normalized radial position (r/R)

&g Dimensionless interfacial radius (Rg/R)

o Surface tension (N m’l)

XXV



Twall

Subscripts
b

B

cal

cr

exp

in

Lo

out

ref

TP

Frame period (s)
Bubble period (s)

Thermal time constant of the wall material (s)

Bulk

Bubble
Calculated value
Critical value
Experimental value
Gas phase

Zone i

Inlet

Liquid phase
Liquid-only
Outlet
Reference
Liquid slug
Two-phase
Wall

Axial location

XX V1



Chapter 1: Introduction

Chapter 1

Introduction

With the rapid development of micro-fabrication techniques, there is a significant drive
towards the miniaturisation of process equipment in many industrial applications, such as
chemical processing, electronics cooling, compact heat exchangers, lab-on-a-chip devices,
biochemical analysis instruments and micro-electro-mechanical systems (MEMS). These
applications generally involve the use of microchannels with the characteristic length of the
order of a few hundred micrometers to a few millimetres. The reduced length scale results in
larger surface-to-volume ratio, offering significant potential to enhance the heat and mass
transfer rates over those for conventional-sized systems. Implementation of process
intensification, which is a practice of miniaturising and integrating process equipment to
provide significant production benefits, such as requiring less capital and operating
expenditure, reducing the amount of material undergoing processing and making the
processes safer, is therefore feasible. However, challenges in understanding the fluid
dynamics and transport behaviour arise in systems with a reduced length-scale and have lead
to significant research and publications on transport processes in micro-structured devices

over the last few decades.

When the experimental conditions are consistent with the theoretical ones, flow and heat
transfer behaviour of single-phase flow in microchannels can be well predicted by
correlations extrapolated from macro-scale systems (Hetsroni et al., 2005, Park and Punch,
2008). Due to the small length and velocity scales, single-phase flow in microchannels is
often laminar, limiting the potential for further heat and mass transfer enhancement offered
by micro-structure devices. Therefore, additional means are required to promote fluid mixing

1n order to increase the heat and mass transfer rates in microchannels.

In heat transfer applications, there is a strong demand for more effective cooling for advanced
micro-technology, especially microchip processers for which the advancement is limited by
the cooling ability. This has led to much recent microchannel research focusing on three main
areas to enhance heat transfer performance: (1) using physical structures like micro-fins
(Foong et al., 2009, Hong and Cheng, 2009) and tortuous flow paths (Geyer et al., 2006,

Rosaguti et al., 2007) to enhance local mixing, (2) use of flow boiling to provide high heat
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removal capability (Kandlikar, 2004, Thome, 2004), and (3) employing gas-liquid two-phase
flow without phase change to promote fluid mixing and enhance the heat transfer rate over
that of the fully-developed single-phase laminar flow (Hetsroni et al, 2009, Betz and
Attinger, 2010). This study focuses on the last of these.

For gas-liquid flow in microchannels, the flow pattern can be bubbly, Taylor, slug-annular,
annular and churn flow. Taylor flow is one of the most common two-phase flow patterns
encountered in nature and industrial applications. This flow regime is characterised by
regular capsular gas bubbles separated by co-current liquid slugs and surrounded by a thin
liquid film at the tube wall. Due to the introduction of gas, the flow characteristics of Taylor
flow differ markedly from those of single-phase flow (Taylor, 1961). Internal recirculation
(in a reference frame moving with the bubble) within the liquid slug promotes radial mixing
of the fluid, resulting in significant enhancements of heat and mass transfer rates. In addition,
the separation of two consecutive liquid slugs by a gas bubble inhibits axial mixing and gives
a larger interfacial area and a shorter diffusion path between the gas and liquid phases and/or
between the liquid and the solid wall. These unique thermal-hydraulic characteristics of the
non-boiling, gas-liquid Taylor flow make it especially attractive to industries focusing on

process intensification and miniaturization.

While the hydrodynamics and mass transfer in Taylor flow have been studied extensively, the
study of convective gas-liquid Taylor flow heat transfer without phase change in
microchannels has received relatively little attention. Several experimental and numerical
studies have been carried out to understand the heat transfer behaviour and various empirical
two-phase heat transfer correlations have been proposed. However, no general form is noted
among them and the underlying physical mechanisms governing the hydrodynamics and heat
transfer, knowledge of which is essential for optimal process design and control of micro-
systems, are not yet fully understood. Therefore, a fundamental understanding of the heat

transfer augmentation brought about by non-boiling, gas-liquid Taylor flow is required.

The objective of the present study is to gain more insights into the hydrodynamics and heat
transfer of Taylor flow in microchannels through performing systematic experiments across a
wide range of conditions. The effects of the mixture velocity, homogeneous void fraction,
fluid properties and geometry of the mixer, parameters which can be manipulated directly, on

the hydrodynamics and hence the heat transfer rates are examined in detail. Physics-based
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correlations that would be helpful for designs of micro-structured systems employing Taylor

flow are deduced from new experimental data.

1.1 Thesis Structure

In Chapter 2, a review of the available literature on the flow characteristics and heat transfer

rates of Taylor flow in microchannels is provided and knowledge gaps are identified.

In Chapter 3, detailed descriptions of the experimental setup and conditions are presented.
Data acquisition and reduction procedures are provided together with the results of the single-

phase validation experiments.

In Chapter 4, the flow characteristics of gas-liquid Taylor flow obtained for isothermal
conditions (21 °C) across a wide range of conditions are presented. A modified scaling law
based on the Garstecki approach is proposed to predict the léngthvoft bubbles generated in

systems with differences in the tube diameter between the mixer and the test section.

In Chapter 5, a comprehensive study of the heat transfer behaviour of non-boiling gas-liquid
Taylor flow is conducted. The mixture velocity, homogeneous void fraction and thickness of
the liquid film surrounding the gas bubbles are recognized as important parameters governing

Taylor flow heat transfer.

In Chapter 6, three pathways governing heat transfer in Taylor flow are suggested. A
correlation is developed specifically for systems using water as the liquid phase. Based on the
results obtained from all the fluid systems studied, an empirical heat transfer correlation is

developed for general application.

In Chapter 7, the effect of gravity on the flow behaviour of horizontal gas-liquid Taylor flow

in millimetre-sized channels is examined and quantified.

In Chapter 8, preliminary work on the flow and heat transfer characteristics of gas-liquid
annular flow in microchannels is presented. The challenges to be overcome prior to a

comprehensive annular flow study are identified.

Finally, Chapter 9 presents the conclusions and recommendations for future work.
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Chapter 2

Literature Review

Gas-liquid, non-boiling flow in microchannels has shown great potential to enhance heat and
mass transfer rates over single-phase flow. In the last few decades, significant efforts have
gone into identifying the flow regime map (Triplett et al., 1999a, Yang and Shieh, 2001,
Zhao and Bi, 2001, Waelchli and von Rohr, 2006, Shao et al., 2009) and determining the
applicability of the correlations developed for macro-channels to predict the pressure drop
and void fraction of two—phasé flow in microchannels (Bao et al., 1994, Triplett et al., 1999b,

Bao et al., 2000, Saisorn and Wongwises, 2008, Cioncolini et al., 2010).

For Taylor flow in particular, the hydrodynamic characteri_stics,_ including bubble velocity,
liquid film thickness, ifoid fraction; pres.sure loés (Fairbrother and Stubbs, 1935, Bretherton,
1961, Taylor, 1961, Suo and Griffith, 1964, Irandoust and Andersson, 1989a, Thulasidas et
al., 1995, Aussillous and Quéré, 2000, Kreutzer et al., 2005a, 2005b, Liu et al., 2005, Akbar
and Ghiaasiaan, 2006, Walsh et al., 2009, Warnier et al., 2010), and the mass transfer
enhancement (Irandoust and Andersson, 1989b, Berci¢ and Pintar, 1997, Kreutzer et al., 2001)
have been extensively reported. Comprehensive reviews have also been published
(Ghiaasiaan and Abdel-Khalik, 2001, Kreutzer et al., 2005c, Angeli and Gavriilidis, 2008,
Gupta et al., 2010a). There is also a growing interest in the study of convective gas-liquid
Taylor flow heat transfer without phase change in microchannels (Oliver and Wright, 1964,
Oliver and Young Hoon, 1968, Horvath et al., 1973, Fukagata et al., 2007, Lakehal et al.,
2008, Betz and Attinger, 2010, Gupta et al., 2010b, He et al., 2010, Walsh et al., 2010,
Muzychka et al., 2011). In this chapter, a review of the hydrodynamic characteristics of non-
boiling, gas-liquid two-phase flow in microchannels and the associated heat transfer

mechanisms is presented.

2.1 Definition of microchannels

As the channel size is reduced, certain physical phenomena negligible in conventional
channels become more significant. The relative importance of different forces, including the

gravitational, interfacial, inertial and viscous forces, were examined in Gupta et al. (2010a)
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through introduction of the relevant non-dimensional numbers governing multiphase flow in
microchannels. Table 2.1 gives a list of the relevant non-dimensional numbers. The
importance of choosing the right characteristic velocity and length-scale to define the non-
dimensional terms for a particular problem was also highlighted (Gupta et al., 2010a). For
example, to characterise the film flow for the thin liquid film surrounding the gas bubble in
Taylor flow and the gas core in annular flow at the wall, the liquid film thickness and the
average film velocity should be used as the characteristic length-scale and velocity,
respectively. In Taylor flow, the mixture velocity can be used as a characteristic velocity as

the bubble velocity is not known a priori.

Table 2.1: A list of the non-dimensional numbers characterising the multiphase flow in

microchannels. Taken from Gupta et al. (2010a).

Non-dimensional parameters Physical Interpretation Formula
. 2
Bond/ E6tvis number Gravitational force Apd©g
Surface tension force g
i 2
Froude number Inertial force pLU
Gravitational force Apgd
Vi fi U
Capillary number 1Scous ‘orce ald
Surface tension force o
Inertial fi Ud
Reynolds number M a
Viscous force U,
: 2
Weber number Inertial fvorce p U%d
Surface tension force o

A critical Bond number (Bo..), below which the surface tension forces dominate the
gravitational forces, was generally accepted to distinguish small channels from conventional
channels. Bretherton (1961) proposed a value of 4.37 for Bo.,. For value below which (Bo <
4.37) he demonstrated that the bubble rise velocity vanished in a vertical channel filled with

the liquid phase, indicating a negligible gravitational effect on the bubble movement. Due to

5
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the diminished importance of gravity, stratified flow is not observed in gas-liquid flow in
microchannels. Barnea et al. (1983) applied a force balance between the surface tension and
gravitational force at which stratified flow changes to slug flow to determined the critical

Bond number as

1
Bocr = ﬁ (21)

pL—pPc 4

For gas-liquid flow with p; << p;, the critical Bond number is 4.7 which is very close to the
value reported by Bretherton (1961). For a nitrogen-water system under atmospheric pressure,

these criteria signify channel sizes d < 5.7 mm as microchannels.

In fact, there is much taxonomical discussion in the literature about what physical duct size
earns the title ‘‘microchannel’’ (Bretherton, 1961, Brauner and Maron, 1992, Triplett et al.,
1999b, Ghiaasiaan and Abdel—Khalik, 2001; Chén et al., 2006). Fouilland et al. (2010)
highlighted that dimensional quantities inevitably give rise to arbitrary classifications.
Therefore, they suggested that the nomenclature ‘‘microchannel’” should be used as a
qualitative descriptor implying channels much smaller than conventional and with a different
balance of forces, especially the surface tension force, which is usually neglected in

conventional channels. The same perception is adopted in this thesis.

2.2 Flow regime map

The distribution of the gas and liquid, and their interaction determines the behaviour of two-
phase flow in a channel. The phase distribution is commonly called the flow pattern or flow
regime. Since the flow characteristics of different flow regimes have strong influences on the
critical thermo-hydraulic properties, such as the pressure drop, heat and mass transfer rates,
correct prediction of two-phase flow patterns and flow pattern transition in microchannels is
essential for successful application design and better control of micro-systems where two-

phase flow is involved.

Though two-phase flow regimes in microchannels have been investigated extensively
(Triplett et al., 1999a, Yang and Shieh, 2001, Chen et al., 2002a, Akbar et al., 2003, Chung
and Kawaji, 2004, Chen et al., 2006, Pehlivan et al., 2006, Waelchli and von Rohr, 2006, Ide
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et al., 2007), a universal flow regime map does not seem to exist (Shao et al., 2009).
Nonetheless, six major gas-liquid flow configurations, namely bubbly, Taylor, Taylor-
annular, churn, annular and dispersed flows, are identified in microchannels, depending on
the relative gas and liquid properties, flow rates, inlet conditions, channel geometries and
dimensions (Triplett et al., 1999a, Shao et al., 2009). Summarizing different flow regime
maps available in the literature, Shao et al. (2009) suggested that using the superficial gas and
liquid velocities as coordinates (Ug, Up) provides the best representation of the transition

between patterns.

Figure 2.1 shows (a) the general classification of different flow patterns using the superficial
gas velocity (Ug) and the superficial liquid velocity (Up) as coordinates and (b) the
morphology of the representative flow regimes of air-water flow in a 1 mm and a 3 mm
horizontal tube. At high liquid and low gas flow rates, gas bubbles with diameters
significantly smaller than the channel diameter are distributed in the continuous liquid phase.
At low gas and liquid flow rates, regular periodic Taylor.bubbles Whiéh are longer than the
channel diameter and with consecutive bubbles separated by a liquid slug are obtained. As
the gas flow rate increases at low liquid flow rates, bubbles become longer and bubble
coalescence may occur to give a continuous gas core with large-amplitude waves on the gas-
liquid interface. This flow pattern is called Taylor-annular or slug-annular flow. A further
increase in the gas velocity gives rise to annular flow with only small amplitude waves
present on the gas-liquid interface. Churn flow appears at medium gas velocities and high
liquid velocity due to either the instabilities that arise at the rear of the bubble to give
dispersed bubbles or the occurrence of churning waves to give frothy slugs and droplets in
the gas core (Triplett et al., 1999a). Dispersed flow, in which the liquid is dispersed in the
continuous gas as droplets with a small liquid film present at the wall, occurs at very high gas
and liquid velocities. This flow pattern is rarely reported because it requires very high gas and
liquid velocities to generate or it might have been included in the churn or annular flow

regimes by some researchers (Shao et al., 2009).
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(a) Uy

(b)

Bubbly Taylor Churn

Taylor - Annular Annular Dispersed

Figure 2.1: (a) General classification of flow patterns suggested by Shao er al. (2009) and (b)
morphology of the bubbly, Taylor, churn, Taylor-annular and annular air-water flows
obtained by Triplett er al. (1999a) from a horizontal circular tube of 1 mm diameter and

dispersed air-water flow obtained by Yang and Shieh (2001) from a 3 mm tube.

2.2.1 Effect of wall wettability

The three-phase contact angle (6.), which is the angle between the solid wall and the gas-
liquid interface in contact with it, is used to measure wettability of a liquid on solid wall.

For 0° < 6, < 90°, the liquid is considered as a partially wetting liquid, for which the wall is

8
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always in contact with the liquid. For 90° < 6, < 180°, the liquid is considered as a
partially non-wetting liquid, for which dry flow (absence of a liquid film) may occur. The
effect of wall wettability on the two-phase flow structures in microchannels was
demonstrated (Barajas and Panton, 1993, Serizawa et al., 2002, Cubaud and Ho, 2004,
Cubaud et al., 2006, Lee, C.Y. and Lee, S.Y. 2008). Figure 2.2 shows flow pattern
morphologies for air-water flows in a d, = 525 pum square channel of both hydrophilic and
hydrophobic surfaces. It is clear that the liquid does not lubricate the wall well and the flows
become asymmetric in the hydrophobic (non-wetted) channel. In this thesis, only two-phase

flows in which a liquid film always exists on the wall are considered.

Hyvdrophilic flows Hydrophobic flows

QUi gas

bubbly flow 1solated asymmetric bubble flow
liquid 9as bquid gas

Taylor flow (wedging flow)

=

Taylor-annular flow (slug flow) scattered droplet flow

Figure 2.2: Effect of wall wettability on flow pattern morphologies for air-water flows in a
square channel with dj, = 525 um. The hydrophilic flows were carried out in a silicon channel
with glass top (8¢ ~ 9° for silicon and 8, ~ 25° for glass) and the hydrophobic flows were
carried out in the same channel with Teflon coating (8, ~ 120°). Taken from Cubaud et al.,

2006.
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2.2.2 Industrial applications

Typical operating conditions for different micro-chemical applications employing two-phase
flow are shown in Figure 2.3. Since Taylor flow in microchannels occurs over a wide range
of conditions (Figure 2.1) and is used in various industrial applications (Figure 2.3), a brief

review of the main applications is presented in Table 2.2.

10

Micro heat exchanges

Segmented-flow
microreactors for
reactions in the
liquid phase

Microreactors for
gas-liquid reactions

0.01 Q.1 1 10 100
Uz (m s")

Figure 2.3: Typical operating conditions for different micro-chemical applications, modified

from Giinther and Jensen (2006).

Despite Taylor flow having been used in a few industrial applications, details of the flow
characteristics and the resulting transport rates of heat, mass and momentum which are
important information for rector designs and operations are not yet clear. Therefore, this
thesis focuses on the study of the details of the hydrodynamics of non-boiling, gas-liquid
Taylor flow in microchannels and hence provides better understanding of the underlying heat

transfer mechanisms.

10
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Table 2.2: Industrial applications of Taylor flow in microchannels.

Industrial

Applications

Examples

Chemical processing

Biomedical

Electronics cooling

Heat exchangers

Chemical and material

synthesis

Monolith catalytic reactor for gas-liquid-solid
reactions (Kapteijn et al., 2001, Nijhuis et al., 2001,
Kreutzer et al., 2005¢)

Catalyst hydrogenation (Kobayashi ef al., 2004)
Direct fluorinations (Chambers and Spink, 1999);

Blood analysis (Thiers et al., 1971)
DNA analysis (Burns et al., 1998)
Cell stimulus and lysis (El-Ali et al., 2005)

Lung airway opening (Suresh and Grotberg, 2005,
Zheng et al., 2007)

Cooling of high performance electronics,
supercomputers, high-powered X-ray, high-powered
lasers (Zhao and Bi, 2001, Saisorn and Wongwises,
2008)

Compact heat exchanger (Bao et al., 2000)
High-flux heat exchanger in aerospace system,

cryogenic cooling system in satellites (Zhao and Bi,

2001)

Studies of chemical kinetics and reaction pathways
(Song et al., 2003)

Synthesis of nano- and micro-particles (Khan et al.,
2004)

11
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2.3 Taylor flow

Taylor flow is characterized by regular capsular gas bubbles separated by co-current liquid
slugs and surrounded by a thin liquid film at the tube wall, as seen in Figure 2.1(b). This flow
pattern is also known as slug flow, plug flow, bolus flow, segmented flow, intermittent flow
and bubble-train flow. Due to the introduction of gas, the flow characteristics of two-phase
Taylor flow differ markedly from those of single-phase flow. Internal recirculations within
the gas bubble and the liquid slug promote radial mixing of the fluids, resulting in significant
enhancement of heat and mass transfer rates. Also, the separation of liquid slugs by gas
bubbles reduces axial liquid mixing, and gives a large interfacial area and a short diffusion

path between the gas and liquid phases and/or between the liquid and the solid wall.

As mentioned at the beginning of this chapter, the hydrodynamics including bubble velocity,
void fraction, liquid film thickness, pressure drop, and mass transfer of Taylor flow have
been studied and reviewed extensively. Therefore, this section reviews only the available
literature covering the bubble formation mechanisms, the detailed flow structures in the slug
and film regions, and the heat transfer mechanisms of Taylor flow, in order to identify the

knowledge gaps.

2.3.1 Bubble formation and bubble length

Due to the increasing popularity of microfluidic devices, significant effort has been devoted
to exploring the techniques to generate uniform bubbles and droplets. Geometries that are
generally used to create gas-liquid Taylor flow in microchannels include T-junctions
(Garstecki et al., 2006, van Steijn et al., 2007, 2010, Christopher et al., 2008, Fu et al., 2010a,
Leclerc et al., 2010), Y-junctions (Yue et al., 2008), co-flowing configurations (Hong and
Wang, 2007, Xiong et al., 2007) and flow-focusing inlet structures (Anna et al., 2003, Fu et
al., 2010b). Highly uniform bubbles and droplets generated with these devices were reported.

The importance of the bubble and liquid slug lengths on the pressure drop (Kreutzer et al.,
2005b), mass transfer (Berci¢ and Pintar, 1997) and heat transfer (Walsh et al., 2010) of gas-
liquid Taylor flow in microchannels has been reported. However, the measurement and
prediction of the absolute bubble and slug lengths are generally ignored due to the strong
dependence of the length information on the inlet configurations, as well as the degree of pre-

mixing. Nonetheless, the absolute bubble and slug lengths generated by different mixing

12
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systems have been studied by various investigators (Laborie et al., 1999, Kreutzer et al.,
2005a, Liu et al., 2005, Akbar and Ghiaasiaan, 2006, Qian and Lawal, 2006). Several
empirical correlations have been proposed, with most of them expressing the lengths as a
function of the Reynolds numbers and/or the phase holdup. However, there is a lack of
agreement between them, reflecting the fact they are only applicable to specific working

fluids and inlet structures.

Since Taylor bubble coalescence and/or breakage after their formation is rarely observed in
microchannels, the lengths of the bubbles and slugs are strongly dependent upon the
dynamics of the contact between two phases at the inlet. Therefore, a good understanding of
the mechanisms of Taylor bubble formation in microchannels becomes important for accurate
bubble and slug length predictions. Considerable studies, both experimental (Garstecki et al.,
2006, van Steijn et al., 2007) and computational (de Menech et al., 2008, Shao et al., 2008,

Dai et al., 2009) on the bubble formation mechanisms have been reported.

The bubble formation mechanisms can be distinguished by the Capillary number based on the
liquid flow rate at the mixing section (Cay, p ). Garstecki et al. (2006) postulated that there is
a critical Capillary number (Ca,., = 0.02) distinguishing two commonly observed bubble
formation mechanisms. Below Ca,, (Cay y < 0.02), the bubble formation is categorized to be
in the squeezing regime, where the interfacial forces dominate the shearing forces and the
dynamics of the break-up process are controlled by the pressure drop across the bubble as it
forms. Above Cac, (Cap p >0.02), the bubble formation is in the shearing regime, where the
shearing force starts playing a role and the dynamics of the break-up process are controlled

by the force balance between the shear and interfacial forces.

de Menech et al. (2008) investigated numerically the transition from squeezing to shearing
regimes in a T-junction connected to a rectangular microchannel. In addition to the above two
mechanisms, a jetting regime was identified at larger values of mixer Capillary number and
very high flow rates. Figure 2.4 shows a sequence of images illustrating the bubble formation

at different regimes.

13
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Time

Figure 2.4: Bubble formation mechanisms as a function of the mixer Capillary number: (a)
squeezing regime, Capy = 0.004, (b) transition to shearing regime, Ca; y = 0.035, and (¢)

jetting regime, Cay y = 0.05. Taken from de Menech et al. (2008).

2.3.1.1 Squeezing regime

Garstecki et al. (2006) investigated experimentally the bubble/droplet formation process in T-
junctions connected to rectangular microchannels (S = 0.033 mm, w = 0.05-0.2 mm). In the
squeezing regime, they suggested that there are two stages in the bubble break-up process,
named the filling and squeezing stages. The gas phase enters and blocks the main channel and
the pressure in the liquid phase builds up during the filling stage. Then in the squeezing stage,
the increased liquid pressure starts to squeeze the gas thread until the neck is pinched off to
form a bubble, as seen in Figure 2.4 (a). Based on their experimental results, they developed a
scaling model (Eq. 2.2) to predict the lengths of bubbles (Lg) generated in the squeezing

regime (Cay y < 0.02)

LB G
by o o 4o 'V 2:2
1 2 n ( )

where w is the width of a rectangular channel; @, and a, are constants of the order of one,
with particular values depending on the geometry of the T-junction, Q; and @, are the gas
and liquid flow rates, respectively. The first and second terms in Eq. (2.2) correspond to the

length developed in the filling and squeezing stages of the bubble formation process,

14



Chapter 2: Literature Review

respectively. During the filling stage, the bubble expands to a length proportional to the
diameter of the main channel. In the squeezing stage, the increased pressure in the liquid
phase starts to squeeze the neck of the gas thread. Garstecki et al. (2006) measured the
bubble/droplet size over a wide range of flow rates using different fluids and channel sizes.
They found that the length of the bubble/droplet was determined by the ratio of the
volumetric flow rates of the two phases solely, regardless of the fluid properties. Good
agreement was achieved between their experimental data obtained for liquid-liquid Taylor
flow and gas-liquid Taylor flow with small bubbles and the proposed scaling law. They
attributed the discrepancy observed for long bubble systems to the overestimation of the

resistance to flow in the outlet channel at high volume fraction of the gaseous phase.

The three-dimensional flow field of the liquid phase during bubble formation in a 800 pm
square T-junction in the squeezing regime was studied experimentally by van Steijn ef al.
(2007) using Micro-Particle Image Velocimetry (uPIV) techniques. They highlighted that
there was no instance at which the growing bubble fully blocked the square channel as part of
the liquid leaks through the corners. Guo and Chen (2009) studied the bubble formation
process in a rectangular T-junction channel computationally. Their simulation results
demonstrated that the liquid phase formed a toroidal vortex below the gas-liquid interface due
to the blockage of the gas phase. The circulating liquid phase pushes the gas-liquid interface
toward the corner of the wall where the break-off takes place. Dai et al. (2009) studied
numerically the bubble formation of gas-liquid flow in a T-junction microchannel of 100 pm
diameter in the squeezing regime and confirmed the scaling argument proposed by Garstecki

et al. (2006).

Apart from the T-junction mixers (van Steijn et al., 2007, Leclerc et al., 2010), the Garstecki
et al. (2006) scaling law has been applied successfully to the prediction of bubble lengths in
Y-junction rectangular microchannels (Yue et al, 2008), rectangular co-flowing
microchannels (Xiong et al., 2007), and circular flow-focusing devices (Shao et al., 2008)
operating in the squeezing regime. Different from the observations reported by Garstecki et al.
(2006), other studies (Laborie et al., 1999, Xiong et al., 2007, Shao et al., 2008) found a
dependence of bubble diameter and hence the resulting length on liquid properties, including
viscosity and surface tension. In order to allow for films with non-negligible thickness, Xiong
et al. (2007) modified the above scaling law by replacing the channel width (w) by the bubble
width (wpg).
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2.3.1.2 Shearing regime

In the shearing regime (Cay p > 0.02), de Menech et al. (2008) showed that the gas stream
occupies only part of the main channel and the liquid phase flows below the gas-liquid
interface, as seen in Figure 2.4 (b). For fixed liquid flow rate, the liquid phase flows faster
through the gap between the interface and the wall of the channel and exerts a large shear
stress on the gas stream which is the main driving force for the pinching off process. The gas
thread breaks off at the upper wall, when the interfacial force is nearly balanced by the
shearing force. Guo and Chen (2009) showed similar numerical observations and highlighted
that the circulation flow below the gas-liquid interface they observed in the squeezing regime
disappeared, with the liquid flowing along the interface. However, they found the transition
Capillary number from the squeezing to shearing regime was around 0.0058 which is much

lower than that reported by Garstecki et al. (2006).

The bubble size generated in the shearing regime was found to depend strongly on the mixer
Capillary number rather than the flow rate ratio (de Menech et al., 2008). While some authors
suggested an inversely proportional relationship between the bubble/droplets size and the
mixer Capillary number (Ca,, ») (Thorsen ez al., 2001, Husny and Cooper-White, 2006) or a
modified local Capillary number based on the velocity of the liquid phase between the
interface and wall (Xu et al., 2008), others suggested the dependence of the bubble/droplet
size on both the mixer Capillary number and shear rate (de Menech et al., 2008) as the bubble

break-off process are controlled by the local shear stress, as well as the surface tension force.
2.3.1.3 Transition regime

Instead of a sharp transition of the bubble formation regimes, it is suggested that there is a
transition regime between the squeezing and shearing regimes where the bubble/droplet
break-up process is controlled by a combination of the shear stress and the squeezing pressure

(Christopher et al., 2008, de Menech et al., 2008, Xu et al., 2008, Fu et al., 2010a).

Xu et al. (2008) examined their previous experimental data in which droplets were generated
in rectangular T-junctions (Xu et al., 2006a, 2006b, 2006¢) and identified a transition regime
for 0.002 < Cay p < 0.01. They proposed Eq. (2.3) to predict the lengths of bubbles/droplets
generated in the transition regime by considering the influences of both the shear stress and

the squeezing pressure. The bubble length is given by
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Ly _ o (%Y
;V; = a3CaL,M (Q_L) (23)

where wp is the bubble width; a3 is a constant, and e and f are the exponents with values
depending on the geometry of the mixer. The ratio of e and f represents the contribution of
the two different bubble formation mechanisms. Using a best fitting technique for their

experimental data, they found a3 = 0.75, e = —1/5 and f=1/3 for their T-junction geometries.

Christopher et al. (2008) studied the bubble break-off mechanisms by performing systematic
experiments in rectangular microfluidic T-junctions of varied inlet width ratios over a wide
range of Capillary numbers (0.0005 < Ca; p < 0.3) and flow rate ratios (0.05 < Qg/Q, <0.5).
Over the range of flow conditions considered, they observed that the bubble size decreased as
the Capillary number increased and the flow rate ratio decreased. They found that squeezing
was not the only mechanism causing breakup and the detachment actually began before the
gas phase had completely filled the channel (in a similar sense of Figure 2.4 (b)). Assuming
the Capillary number controls the thread length in the expansion stage and the flow rate ratio
determining the length in the collapse stage, they proposed a two-stage model to predict the

droplet size in the transition regime, given as
+—— (2.4)

where [, is the final tip length in the expansion stage and is calculated as

(1 - l—e)3 _Leca, (2.5)
w wo

Fu et al. (2010b) investigated the squeezing-to-shearing transition during the bubble

formation experimentally using a rectangular microfluidic T-junction (w = 120 pm and § =

40 pm). They compared their experimental results obtained in the range 0.0058 < Cay y <

0.013 with the correlations proposed by Christopher et al. (2008) and reported a maximum

relative standard deviation of 28%.
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2.3.1.4 Jetting regime

In the jetting regime, the gas thread protrudes into the main channel as a finger-like fluid
structure oriented towards the channel outlet, as shown in Figure 2.4 (c). The gas thread
pinches off at its end as it propagates downstream to give a gas bubble (de Menech et al.,
2008). The jetting regime was also observed experimentally by Santos and Kawaji (2010)
who studied two-phase flow in a square microchannel of 113 pm hydraulic diameter with
gas-liquid mixture generated through a T-junction. They highlighted that this break-up
process was similar to the instability propagation typically found in the formation of

bubbles/droplets from jets.

2.3.2 Bubble shape

With most of visualization experiments focusing on the identification of different flow
regimes in microchannels, detailed configurations of the Taylor bubble are generally ignored.
Nonetheless, the effects of dimensionless parameters, such as Capillary number and Reynolds
number, on the shape of Taylor bubbles were well reported analytically (Bretherton, 1961, de
Ryck, 2002) and computationally (Edvinsson and Irandoust, 1996, Taha and Cui, 2004, Feng,
2009).

Edvinsson and Irandoust (1996) studied computationally the variations of bubble shapes with
different flow parameters, as shown in Figure 2.5. For flows with low Capillary number and
negligible gravitational effects, the bubble shape can be described as a symmetrical cylinder
with two hemispherical caps at the ends, similar to the Taylor bubbles observed in Figure 2.1
(b). Ripples in the gas-liquid interface near the tail region for flow with 500 < Rezp < 2000
and Ca = 0.01 were observed (Figure 2.5 (a) — (c)). The amplitudes of the undulations were
found to increase with the Reynolds number. As Ca increases, the gas bubble attains a bullet-
shape, where the bubble head becomes sharper and the bubble tail becomes flatter (Figure 2.5
(d) - (f)) and no wavy pattern was observed at the bubble tail. Other computational (Taha and
Cui, 2004, Gupta et al., 2010b) and analytical (de Ryck, 2002) studies have also shown the
length of the transition region between the bubble cap and the constant film surrounding the
bubble increases with increasing Ca, resulting in a sharper nose. When Ca increases further at
high velocity, a concave deformation at the bubble tail results, as seen in Figure 2.5 (g).
Similar observations were reported by Goldsmith and Mason (1963), Taha and Cui (2004)
and Feng (2009).
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Figure 2.5: Variation of bubble shapes with different flow parameters: (a) f = 0.5,
Rerp =500, Ca = 0.01, (b) f = 0.5, Rerp = 1000, Ca = 0.01, (c) f = 0.5, Rerp = 2000,
Ca=0.01, (d) 8= 0.2, Rerp = 20, Ca = 0.20, (e) f = 0.2, Rerp = 20, Ca = 0.38, (f) = 0.2,
Rerp = 20, Ca = 0.50, and (g) § = 0.2, Rerp =20, Ca = 1.0. Modified from Edvinsson and
Irandoust (1996).

When the gravitational effect on Taylor flow in a microchannel is non-negligible, distortion
of the bubble symmetry in horizontal fine passages was reported by Bretherton (1961).
However, he could not obtain the analytical solution for the relevant partial differential
equation and no quantitative analysis was provided. Jensen et al. (1987) showed analytically
and experimentally that the transition region between the bubble nose and constant film at the
bottom was longer than that at the top. They also pointed out that the film at the bottom was
much thicker than that at the top for large Bond numbers (Bo > 1) and small Capillary
numbers (Ca < 0.1). As the mixture velocity increased (increased Ca and Rerp), the gas
bubble regained its symmetry and moved along the channel centre because the gravitational

force became less significant when compared with the viscous and inertial forces.

The effects of gravity and channel orientation on the propagation of liquid slugs in a two-
dimensional liquid-lined microchannel were studied analytically by Suresh and Grotberg
(2005). When gravity is non-negligible for non-vertical channel orientations, they
demonstrated a bubble shape distortion and an asymmetric liquid distribution: the ratio of

liquid volume above and below the centreline of the channel was smaller than unity. Based
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on a force balance analysis, they suggested the thickness of the bottom film and top film
should scale as Ca®” and Ca'?, respectively, for Taylor flow under the effect of gravity. They
then applied matched asymptotic expansions and lubrication theory using the above scalings
and obtained analytical solutions for flows with non-negligible gravitational force at small

Capillary numbers to give assymetric bubble shapes.

Han and Shikazono (2009) measured the film thickness at the channel top, bottom and side in
five horizontal channels of different diameters (d = 0.3—1.3 mm). For flow with Rerp ~1200,
they found that the liquid film thickness at the top decreased while that at the bottom
increased linearly along the bubble in a 1.3 mm horizontal channel. They attributed this linear
change of the film thickness to the effect of gravity. While the gravitational effect on the film
thickness variation became more apparent with increasing Bo, the difference in thickness
between the bottom and side films was also found to increase with increasing Ca, which is
different from the observation reported by Jensen et al. (1987) who reported the gravitational

effect diminished with increasing Ca.

Recently, Gupta et al. (2010c) studied the effects of gravity on nitrogen-ethylene glycol
Taylor flow experimentally in a 1.97 mm horizontal channel. Distortion of the bubble
symmetry was observed (Figure 2.6) — the bottom film was thicker than the top film and the
gas bubble became longer at the top and shorter at the bottom. They also performed three-
dimensional CFD simulations to explore the effect of gravity in both rectangular and circular
microchannels of different hydraulic diameters. For flow with Rerp ~12 and Ca ~ 0.036 in a
circular channel of 2 mm diameter, a pressure gradient was observed between the bubble top
and bottom in the film region, causing a drainage flow from the top to bottom along the film.
Their computational results also showed that drainage flow takes place along the entire
bubble length. Due to the drainage of liquid, the thickness of the top film decreased and that
of the bottom film increased gradually from the nose to the tail region, where more

pronounce distortion was observed at the bubble tail.

20



Chapter 2: Literature Review

Flow
i —

Figure 2.6: The bubble shape obtained in a 1.97 mm horizontal channel for flow with

Rerp~12 and Ca ~ 0.036 (Gupta et al., 2010c).

2.3.3 Velocity field

The flow field in the liquid slug and the liquid film surrounding the gas bubbles provide
important information about the mixing of fluids and hence the rates of heat and mass

transfer.
2.3.3.1 Velocity profile in the liquid slug

In a reference frame moving with the bubble, three possible streamline patterns inside the
liquid slug, depending upon the ratio of the bubble velocity to mixture velocity (Ug/Urp),
were first postulated by Taylor (1961). For Ug/Urp > 2, a complete bypass flow pattern was
found (Figure 2.7 (a)). For Up/Urp < 2, the liquid phase can be divided into closed
streamlines within the slug core forming a recirculation zone and open-ended streamlines
passing through the liquid film along the wall layer. Two possible reversal flow patterns: (1)
a stagnation ring on the bubble surface (Figure 2.7 (b)) and (2) a stagnation point on the

bubble tip and a second stagnation point inside the liquid slug (Figure 2.7 (¢)) were suggested.
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(a) UB/UTP >2 (b) UB/UTP <2 (c) UB/UTp <2

Figure 2.7: Possible streamline patterns in a reference frame moving with the bubble for

different ratios of bubble to mixture velocities suggested by Taylor (1961).

The suggested streamline patterns were verified experimentally by Cox (1964). The complete
bypass flow for Ug/Urp > 2 and reversal flow with a stagnation ring on the bubble surface for
Up/Urp < 2 were identified but not the other reversal flow pattern. The same experimental
observations were reported by Thulasidas et al. (1997) who visualized streamline patterns
using PIV techniques. Thulasidas et al. (1997) also calculated the radial locations of the
recirculation centre and the dividing streamline separating the recirculation zone from the
wall film layer. As Ca increases, they highlighted that the recirculation zone inside the liquid
slug became smaller and the radial position of the vortex centre shifted towards the tube
centre. The effect of Ca on the recirculation size was reported from computational studies by
Edvinsson and Irandoust (1996), Taha and Cui (2004) and Feng (2009), as shown in Figure
2.8. Feng (2009) further pointed out that with an increasing Ca, the stagnation ring on the
bubble surface (Figure 2.7 (b)) collapsed into a stagnation point at the bubble tip. When Ca
was increased further, the recirculating flow detached from the bubble surface and formed a
second stagnation point inside the slug centre (Figure 2.7 (c)). They highlighted that this
reversal flow pattern only appeared for a very small range of Ca. Bypass flow was observed
with a further increase in Ca. Their numerical observations were in good agreement with the

analytical findings reported by Giavedoni and Saita (1997).

22



Chapter 2: Literature Review

(b)

(¢)

Figure 2.8: Effects of Capillary number on the streamline pattern for Reyp = 10 at

(a) Ca=0.01, (b) Ca=0.1 and (¢) Ca = 1. Taken from Feng (2009).

Waelchli and von Rohr (2006) used the nPIV technique to visualize the recirculation motion
(in a frame of reference moving with the bubble) inside the liquid slug for horizontal flow in
a rectangular microchannel with the hydraulic diameter of 187.5 um, as shown in Figure 2.9.
They showed that the counter-rotating vortex pair is symmetric about the centreline of the
channel without any interactions between the upper and lower regions taking place. The
influence of the liquid properties was examined. A stagnation ring along the bubble surface
was observed for the nitrogen-ethanol systems (Figure 2.9 (a)). Two stagnation points at the
centreline were observed for the nitrogen-10 wt% glycerol aqueous solution system (Figure
2.9 (b)). This recirculation pattern was different from the computational and analytical results
described by Feng (2009) and Giavedoni and Saita (1997), where recirculation zone shrunk

dramatically before its detachment from the bubble surface.
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Figure 2.9: Velocities relative to the bubble inside the liquid slug for a horizontal rectangular

microchannel (dj, = 187.5 um) using (a) ethanol and (b) 10 wt% glycerol/water mixture as the

liquid phase. The red curves indicate the interface, and blue curves and dots indicate the

stagnation rings and points, respectively. Modified from Waelchli and von Rohr (2006).

Waelchli and von Rohr (2006) also showed the asymmetry of the rotating vortices about the

plane perpendicular to the flow direction at the slug centre as a result of the different bubble

end configurations, as shown in Figure 2.10.

(a) 950

(b)

Figure 2.10: Asymmetric flow patterns due to the different configurations of the bubble ends

in a d, = 187.5 um horizontal rectangular microchannel using (a) water and (b) ethanol as the

liquid phase. Taken from Waelchli and von Rohr (2006).
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The combined effects of gravity, mixture velocity and liquid slug length on the flow field
inside the liquid slug in a two-dimensional liquid-lined microchannel were examined
numerically by Zheng et al. (2007). They showed that flow interactions between the upper
and lower regions give an asymmetric flow pattern about the channel axis when gravity
started gaining importance in a horizontal flow. As seen in Figure 2.11, part of the liquid
flows from the upper film through the core region of the liquid slug to the bottom film with
the upper and lower recirculation zones being pushed towards the preceding and trailing
bubble interface, respectively. These flow interactions also caused the bottom film to be
thicker than the upper one. As the Bond number increases, the size and strength of flow
recirculation decreases and the number of vortices present in the liquid slug can be zero, one
or two depending on the flow parameters. The difference between the upper and lower films
was reported to increase with increasing Bo but to decrease with either an increasing liquid
slug length or mixture velocity (increasing Ca and Regp). The flow interactions between the
upper and lower regions in horizontal flow in microchannels described above have not yet

been confirmed by experimental studies.

Figure 2.11: Effect of gravity in horizontal microchannels for Rerp = 0, Ca = 0.05 and
Bo =0.6. The greyscale contour plot shows pressure, the dashed lines are constant pressure

lines and the white solid lines with arrows are streamlines (Zheng et al., 2007).

In a laboratory reference frame, a nearly full-developed laminar flow velocity profile in the
middle part of the liquid slug was shown in most computational reports (Fukagata et al., 2007,
Lakehal et al., 2008, Gupta et al., 2010b, He et al., 2010). Gupta et al. (2010b) mentioned

that the flow in the liquid slug did not reach the laminar, liquid-only, fully-developed flow for
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any of the mixture velocities they simulated because the liquid slug lengths (0.9-1.1d) they
studied were too short to allow significant flow development. Thulasidas et al. (1997)
showed experimentally that the flow in the liquid slug only became fully-developed and gave
a parabolic profile when the slug length was longer than 1.5d. For slugs shorter than 1.5d, a
non-parabolic velocity profile was observed everywhere in the liquid slug, indicating the flow

was not completely developed.
2.3.3.2 Flow field in the liquid film

The velocity field of the liquid film surrounding the bubble in microchannels are scarcely
reported. For most two-phase Taylor flow studies, either a stagnant film (Bretherton, 1961,
Suo and Griffith, 1964, Warnier et al., 2008) or a fully-developed flow velocity profile in the
liquid film (Thulasidas et al., 1995) with a no shear boundary condition at the interface was
assumed. This assumption was confirmed to be reasonable for slow-moving bubble systems
by Chen et al. (2009) and Kreutzer et al. (2005b) who showed computationally that there was
no pressure gradient in a typical Taylor bubble (Figure 2.12). Gupta et al. (2010b) performed
detailed Taylor flow CFD studies and reported similar observations for flow at low mixture
velocities. However, for fast-moving bubble systems, they found that the interfacial shear
stress became significant and the pressure gradient in the film region began to contribute

significantly to the overall pressure drop.
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Figure 2.12: A profile of the wall pressure distribution in the axial direction for flow with
Ca= 0.01, Rerp = 100, f = 0.65 calculated for a circular tube of 2.3 mm. Taken from

Kreutzer et al. (2005b).

26



Chapter 2: Literature Review

Fouilland et al. (2010) studied the flow characteristics of a nitrogen-water system in a
1.73 mm horizontal channel for flow regimes spanning Taylor to annular flow. They obtained
time-resolved velocity profiles in the liquid film surrounding the bubble using uPIV
techniques. They found the film velocity was low when compared with the bubble velocity
(< 4%) and demonstrated a smooth velocity distribution during the passage of a gas bubble
and a velocity spike when a liquid slug passed through. They highlighted that the velocity
distribution relaxed back to the characteristic steady value after the passage of each liquid
slug when the length of the gas bubble was sufficiently long. To interpret their PIV data, they
derived an expression (Eq. 2.6) analytically for the mean film velocity normalised by the
mixture velocity as a function of the pressure gradient ratio between the liquid film and the

gas core for a given dimensionless interfacial radius (5 = Rg/R)

Ur _ (1-¢3)2—283(1— &5+ 284 In fB)(l - (BG/BL))
Urp (1 —&R1— &4+ (up/ug)(Bg/BL)és — 285(1 — §2)(Bg/By)]

(2.6)

where Uy is the average velocity in the liquid film; B; and B, are the pressure gradients in
the gas and liquid phases, respectively; ps and p; are the gas and liquid viscosities,
respectively. One extreme, where the shear at the gas-liquid interface is zero (B; = 0, i.e.
inviscid flow of the gas) corresponds to Taylor flow at low bubble velocities as mentioned
previously. At the other extreme, where the film is driven by interfacial shear alone in

negligible gravity (B = B.) corresponds to annular flow behaviour.

Gupta (2010) also performed a similar continuity analysis, assuming a zero shear stress
boundary condition at the interface, to obtain a fully-developed velocity profile in the liquid

film surrounding the slow-moving gas bubbles, which except at the bubble ends gives

v 201-§2+ 28— )
Ur. (14 3¢5 — 485 — 4¢3 In&p)

(2.7)

where v, is the local velocity in the liquid film; ¢ is the normalized radial position (#/R).
Good agreement was achieved between the velocity profile obtained from his CFD

simulation in a 0.5 mm horizontal channel and the analytical solution.

The effect of gravity on the flow field in the liquid film was studied both experimentally and
computationally by Gupta et al. (2010c). They performed uPIV measurements in the liquid

film to visualize the flow fields for horizontal and vertical upward flows in a 1.97 mm
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microchannel. A negative vertical velocity component at different distances from the wall
inside the film was reported for the horizontal case, indicating a drainage flow from the
channel top to bottom across the bubble region. A difference in thickness between the top and
bottom films was observed in white light images as presented earlier in Figure 2.6. For the
vertical upward case, backflow in the liquid film appeared. For their computational results
obtained from a 2 mm circular channel with a mixture velocity of 0.1 ms' and a
homogeneous void fraction of 0.66, liquid at the bubble surface was found to drain from the
top to the bottom as shown by the streak-lines originating from the bubble surface (Figure
2.13). Although significant non-physical spurious currents were observed in their simulations
due to the inaccurate discretization of surface tension forces in the circular channel, their
preliminary results showed that the gravitational force played a role for the conditions they

studied.

Figure 2.13: Streamlines originating from the bubble surface in a 2 mm circular channel for a
mixture velocity of 0.1 ms' and a homogeneous void fraction of 0.66 in a stationary

reference frame (Gupta et al., 2010c).

Since both the film thickness and flow patterns are key parameters for Taylor flow heat and
mass transfer, bubble asymmetry and flow interactions between the upper and lower halves of
the liquid slug caused by gravity may have a considerable effect on the resulting heat transfer
rates. A good understanding of the conditions where gravity ceases to be important, therefore,

becomes essential for better application design.
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2.3.4 Heat transfer

Generally, the heat transfer rates for gas-liquid Taylor flow in microchannels without phase
change are up to 2-3 times higher than that of the single-phase fully-developed laminar flow,
depending on the flow characteristics. Several studies have been carried out to understand the
enhancement mechanisms brought about by such flows and a few heat transfer models were
proposed. A brief review of the current understanding of the dependence of Taylor flow heat

transfer on the flow characteristics is provided here.

The periodic passage of bubbles and slugs that occurs in Taylor flow has led many authors to
invoke the Graetz number to characterise heat transfer in the slug region. The Graetz number
is the dimensionless group that characterises thermal-development in laminar flows, Gz =
Re - Pr-(d/L). However, there is confusion as to whether the characteristic length in the

Taylor flow case should be the total length from the entrance or the slug length.

The effect of void fraction and film thickness on two-phase heat transfer was investigated
experimentally by Oliver and Wright (1964) in a 6.4 mm circular channel for Newtonian and
non-Newtonian liquids for a constant wall temperature boundary condition. They reported the
heat transfer enhancement was up to 2.5 times greater than that for single-phase flow, with
shorter slugs and thin film systems giving a greater enhancement. Based on their
experimental data, they modified the Graetz-Leveque solution for thermally-developing

laminar flow to obtain

1/3

d
Nqu - 1615 (ReTp - Pr- ‘Z)

1.2 0.2 \ [up\0t4
((1 —p)036  1-— B) (E) (28)
where u, and u,, are the liquid viscosity at the bulk fluid temperature and the heat-transfer
boundary surface temperature, respectively. Although they used a modified Graetz-Leveque
solution, they highlighted the fact that the heat transfer mechanisms occurring in Taylor flow
could be very different from those of single-phase laminar developing flow, as a result of the
recirculation effect within the liquid slugs. Due to limitations of the experimental apparatus,
they failed to control the slug length and no quantitative analysis of its effect was provided.
In their follow-up work, Oliver and Young Hoon (1968) developed an experimental facility
which allowed variation of the slug length at fixed void fraction. Experiments with slug

lengths spanning from 1-80 tube diameters in a 6.4 mm circular tube were conducted for a
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constant wall temperature boundary condition. They concluded that the two-phase Nusselt

number varied approximately as L;l/ 3 for a small range of homogeneous void fractions

(0.24-0.39).

Hughmark (1965) proposed an alternative modification of the thermally-developing laminar
flow theory. The two-phase Nusselt number was rescaled to account for the fraction of the

tube cross-section occupied by the liquid. The two-phase Nusselt number is given by

(Z_:/)o.m 29)

1/3

d
Nugp /1 -8 =175 (ReTp Pr- Z)

Good agreement was reported when the model was compared with the experimental data of

Oliver and Wright (1964).

Through measuring the mass transport data, Horvath et al. (1973) assessed the effect of the
slug length (1.6 < Lg/d <16) as well as the Reynolds number (28 < Rerp < 220) for a
constant homogeneous void fraction of 0.5 on the apparent Nusselt number of the liquid slug
(Nug = Nugpp/(1 = B)) for gas-liquid Taylor flow in a tube of 2.32 mm diameter. They
found that the value of Nug increased with decreasing slug length and increasing Reynolds
number. The maximum slug Nusselt number was found to be ~100 for Lg/d= 1.6 and

Re'rp =220.

The dependence of the heat transfer rate on slug length was also recognized by Kreutzer et al.
(2001) who performed two-dimensional, axisymmetric CFD simulations in a cylinder of
1 mm diameter with a moving wall. They examined a wide range of conditions (1 < L¢/d < 16,
7<Pr<700, 10 < Rerp<400) and suggested a Nusselt number correlation for the slug

region (Nug) as a function of a modified Graetz number based on the slug length

L, -0.7
Nug =201+ 0.003 (—————) 2.10

uS [ + ReTp - PT' - d ] ( )
Fukagata et al. (2007) carried out two-dimensional, axisymmetric numerical simulations in a
periodic domain for a channel of 20 um inner diameter to understand the flow and heat
transfer characteristics of air-water Taylor flow without phase change. A wide range of
conditions (16 < Re; < 490, 0.3 < Reg < 13, 0.26 < f < 0.72) were studied and a two-phase

Nusselt number up to about twice that for the single-phase was reported.
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Lakehal et al. (2008) investigated computationally the convective heat transfer for gas-liquid
flow in a microchannel in the slug flow regime for a constant wall temperature boundary
condition. In the presence of gas bubbles, the heat transfer rates were reported to be 3—4
times higher than those of the liquid-only flow. They drew an analogy with the internal
recirculations in Taylor flow with the eddies in turbulent flow and correlated their
computational two-phase heat transfer data with a modified Dittus—Boelter expression for

single-phase turbulent flow (Eq. 2.11) using a best fitting technique.
Nugp =~ Nuyy + 0.022(BReyp)*/>Pr?/5 (2.11)

Good agreement was found between their simulated Nusselt number and the proposed model.

Walsh et al. (2010) studied the effect of slug length on the heat transfer rate experimentally
using a 1.5 mm stainless steel tube for a constant wall heat flux condition. They varied the
slug length-to-diameter ratio from 1.6 to 14.3 for a fixed Reynolds number of 112.7 and
homogeneous void fraction of 0.66. They identified an entrance region of about one slug
length in which initially high values of the Nusselt number relaxed towards a constant
asymptotic value. In correlating their results for this asymptotic “fully-developed” region,
they argued that the effective heat transfer surface area is the fraction of the wall area covered

by the liquid slugs and they reported very good agreement with the following correlation

Nugp = Nugo(1— B) I1 +5.7 (121—3) 0'5] (2.12)
He et al. (2010) performed a numerical study of heat transfer in Taylor flow with constant
wall heat flux. They highlighted the fact that the overall heat transfer rate should depend on
the thermal resistances in the slug and film regions. They derived an analytical model in
which the overall heat transfer rate was modelled using one-dimensional, unsteady heat
conduction inside the liquid film with a time-dependent heat transfer rate between the film
and the train of gas bubbles and liquid slugs. In their model, the heat transfer process in
which the overall heat transfer coefficient is, as in Walsh et al. (2010), largely controlled by
the value for the slug region and the fraction of the wall occupied by the slug. They verified
their model using numerical heat transfer data obtained from a wide range of conditions

(100 < Rerp - Pr <6000, 1 < Lg/d<7) and reported that all data fell within +25% of the
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proposed model. They suggested that the validity of the model can be improved by better
prediction of the liquid film thickness and the heat transfer rate in the liquid slug.

Gupta et al. (2010b) studied numerically the flow and heat transfer for Taylor flow in a
0.5 mm horizontal channel for both constant wall heat flux and constant wall temperature
conditions. They found that the Nusselt number was ~2.5 times higher than that obtained
from single-phase flow for both boundary conditions. They also noted that the Nusselt
number was independent of the mixture velocity but increased with decreasing homogeneous

void fraction for the conditions they studied (168 < Rerp < 560, 0.3 < £ < 0.7).

Muzychka et al. (2011) reanalysed the existing Taylor flow heat transfer data in the literature
for both the constant wall temperature (Oliver and Young Hoon, 1968, Horvath et al., 1973,
Vrentas et al., 1978, Narayanan and Lakehal, 2008) and the constant wall heat flux boundary
conditions (Walsh et al., 2010) and demonstrated an excellent correlation between the
apparent mean slug Nusselt number (Nu; = Nu7,/(1 — B)) and a dimensionless slug length
(Ls = Lg/(Rerp - Pr - d)). They showed that the constant wall temperature heat transfer data
followed the theoretical Graetz solution for the mean Nusselt number for thermally
developing single-phase laminar flow with a small root mean square (rms) error of 10-15%.
A larger rms error (24%) was noted when data obtained from a constant wall heat flux study

(Walsh et al., 2010) were included in their analysis.

Though the internal recirculation within the liquid slug (in a reference frame moving with the
bubble) has been reported to be the primary mechanism responsible for this heat transfer
enhancement, no quantitative analysis of the effects of recirculation on the heat transfer rate
have been reported in the literature. A reduction of recirculation size and an increase in
recirculation time with increasing Capillary number (Ca) were reported by Thulasidas et al.
(1997) and it might be expected that this would lead to a dependence of heat transfer rates on

Ca (i.e. on fluid properties, especially the liquid viscosity).

In conclusion, various parameters, including slug length, void fraction and film thickness,
have been recognized as key factors governing the heat transfer enhancement brought about
by Taylor flow in microchannels. However, although various two-phase heat transfer models
have been proposed, the underlying mechanisms controlling heat transfer, knowledge of
which is essential for optimal process design and control of micro-systems, are not yet fully

understood.
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2.4 Annular flow

Annular flow is another frequently encountered two-phase flow regime in microchannels
characterised by a central gas core surrounded by a thin liquid film at the wall, as seen in
Figure 2.1(b). Whilst the hydrodynamics and heat and mass transfer characteristics of gas-
liquid Taylor flow in microchannels have received significant attention, studies of the
intermittent slug-annular/annular flow regimes have been generally neglected. It can be
attributed mainly to the greater complexity associated with these flow regimes. The work that

has been done on gas-liquid annular flow in microchannels is reviewed here.

Fouilland er al. (2010) showed extensive bubble merging of nitrogen-water flow in a
1.73 mm horizontal tube for a flow condition at U; = 0.071 m s 1 and Us=1.77Tm s'. The
flow comprised quasi-annular flow periods disturbed by apparently random flow features
where the transient large-amplitude wave structures can be clearly seen in Figure 2.14. With a
further increase in gas velocity, the waviness at the gas-liquid interface became smaller to
give a relatively smoother annular flow. They also reconstructed the film velocity profile
using uPIV techniques and proposed a model (Eq. (2.6)) to determine the ratio of the average
film and the mixture velocities for annular flow where the pressure gradients in the gas and

liquid are equal (B; = By).

Flow direction

Figure 2.14: Transient large-amplitude wave formation of nitrogen-water slug-annular flow
in a 1.73 mm tube for a flow condition at U, = 0.071 m s 1 and Ug = 1.77 ms"'. Taken from

Fouilland et al. (2010).

Gupta (2010) performed CFD simulations to study the transient annular flow in a circular
microchannel of 0.5 mm diameter. The waves at the gas-liquid interface were successfully

captured and the amplitudes of waves were found to increase with increasing gas flow at a
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constant liquid flow rate. However, he highlighted that his results were grid size dependent
and the outflow boundary condition was not ideal, where interfacial waves were trapped in

the computational domain at the exit.

Several studies extended the available annular flow models for large channels to predict the
hydrodynamic parameters, including the pressure drop and void fraction, of annular flow in
microchannels (Bao et al., 2000, Chen et al., 2002b, Cioncolini et al., 2010). Only fair
agreement was reported between the experimental data for small channels (0.5 < d < 10 mm)
with the correlations. The discrepancy can be possibly due to some fundamental differences
between gas-liquid annular flow in microchannels and conventional channels. For example,
the assumption of a turbulent film velocity profile associated with the models for large
diameter channels is not appropriate for annular flow in microchannels, where the flow in the
liquid film is generally laminar. Moreover, most of the available separated flow models, like
the Lockhart-Martinelli correlation (1949) and the Chisholm correlation (1967), for large

channels do not include surface tension effects which may be important in small channels.

Bao (1995) and Bao et al. (2000) investigated convective heat transfer experimentally for air-
water flow in a circular channel of 1.95 mm diameter for a constant wall heat flux over a
large range of gas and liquid flow rates encompassing Taylor flow, slug-annular flow and
annular flow regimes. They found that the heat transfer rate was enhanced considerably by
the presence of the gas, especially at higher gas and liquid velocities. A sharp jump in the
heat transfer rate was observed above a critical gas velocity, which they believed to

correspond to a flow regime transition from Taylor to annular flow.

Bar Cohen et al. (1995) reported a high cooling ability when nitorgen-FC72 annular flow was
employed to cool a 0.5 mm asymmetrically-heated parallel plate channel. The heat transfer
coefficients were found to be 3 to 4 times higher than the liquid only flow. They attributed
the heat transfer enhancement to the coupled evaporative cooling and convective heat transfer.
The effect of evaporation for non-boiling, gas-liquid annular flow was also reported
experimentally by Liu et al. (2006). They found that the wall temperature in the heated
section can be divided into two zones: a sharp increase of the wall temperature for a region
near the inlet, followed by a zone of almost constant wall temperature where evaporative heat

transfer of the liquid film was dominant.
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Though the potential of gas-liquid annular flow in microchannel to enhance the heat transfer
rate over that of the liquid-only flow significantly is recognized, no systematic study of such

flow in microchannel is available in the literature.

2.5 Summary

Based on the above review, several knowledge gaps in non-boiling, gas-liquid two-phase

flow in microchannels are identified:

1. Taylor flow heat transfer experiments were conducted without either careful control or
measurement of the slug length in the past. New experimental data with good control of

the slug length are required to elucidate its effect on the Taylor flow heat transfer rate.

2. The heat transfer enhancement brought about by Taylor flow is reported and several
correlations are proposed. However, the mechanisms of this enhancement and the effect
of various flow parameters, including liquid slug length, mixture velocity, homogeneous
void fraction, film thickness and size of the recirculation zone on heat transfer are not
fully understood. A heat transfer correlation for non-boiling, gas-liquid Taylor flow
combining these knowledge for general application is required for better reactor designs

and operations.

3. The effects of gravity on the Taylor bubble shape, velocity field in both the liquid film
and slug regions have been observed in a few preliminarily experimental and
computational studies. Systematic data to show the importance of gravitational effects on

bubble behaviour are required.

4. The ability of gas-liquid annular flow in microchannels to enhance the heat transfer rate
has been demonstrated. However, the hydrodynamics and heat transfer characteristics of

this flow regime in microchannels remain largely an un-explored area in the literature.

In this thesis, flow and heat transfer in Taylor flow are studied experimentally to address the
gaps in the knowledgebase of gas-liquid flow in microchannels and potential experimental
challenges for a comprehensive study of the annular flow regime are identified. In the next

chapter the experimental apparatus and conditions used in this study are described in detail.
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Chapter 3
Experimental Apparatus and Method Validation

Flow characteristics and heat transfer rates of laminar gas-liquid Taylor flow in
microchannels are investigated by performing systematic experiments which cover a wide
range of conditions (10 < Rerp < 1100, 0.001 < Ca < 0.180, 0.03 < < 0.9, 1 < Lg/d < 220).
As discussed in the previous chapter, most of the Taylor flow heat transfer experiments were
conducted without either careful control or measurement of the slug length in the past. To
elucidate the effect of slug length on the Taylor flow heat transfer, a reliable and repeatable
technique is first established to produce Taylor bubbles with good control of the slug length.
Careful characterizations of the flow structures under different flow conditions are performed
using well-developed visualization techniques germinated in our group (Fouilland, 2008,
Hégnefelt, 2009, Liu, 2011). High quality pictures for Taylor flow obtained from a circular
tube of 2.00 mm diameter are achieved by the combination of the fast frame rate recording
(up to 1000 frame per second) and wall curvature correction schemes (using a refractive
index matching system to correct refraction at the outer surface and using a liquid phase,
ethylene glycol (RI = 1.432), with similar refractive index as the tube material, silica
(RI = 1.459), to correct the refraction at the inner surface). New heat transfer data for well-
characterized Taylor flow are then collected using an apparatus with small experimental
uncertainties (< 15%), in order to provide new insights for better understanding of the

enhancement mechanisms brought about by Taylor flow.

The experimental conditions and facilities employed in the present study are described in
detail here. Justifications for the choice of working fluids and conditions are provided in
Section 3.1. In Section 3.2, the detailed designs for the flow characterisation and heat transfer
experiments for vertical upward Taylor flow, together with the data reduction procedures and
system validation using single-phase flow are presented. An uncertainty analysis of the
individual measurements and calculated Nusselt number is presented in Section 3.3. Section
3.4 introduces the visualization techniques employed for investigation of the gravity effect on

Taylor flow in horizontal microchannels.
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3.1 Choice of working fluids and conditions

Generally, the fully-developed Nusselt number for Taylor flow is up to 2—3 times higher than
that of the single-phase fully-developed laminar flow, depending on the flow characteristics
(Oliver and Wright , 1964, Oliver and Young Hoon, 1968, Walsh et al., 2010, He et al., 2010,
Gupta et al., 2010b). The internal recirculation within the liquid slug (in a reference frame
moving with the bubble) has been reported to be the primary mechanism responsible for this
heat transfer enhancement. However, no quantitative analysis of the effects of recirculation
on the heat transfer rate has yet been reported. Reductions in recirculation size with
increasing Capillary number (Ca) were widely reported (Taylor, 1961, Edvinsson and
Irandoust, 1996, Giavedoni and Saita, 1997, Thulasidas et al., 1997, Feng, 2009) and it might
be expected that these would lead to a dependence of heat transfer rates on Ca (i.e. on fluid
properties, especially the liquid viscosity). Also, the film thickness which is an important
parameter for Taylor flow heat transfer was reported to depend on Ca, so one might expect
this dimensionless group to capture heat transfer effects arising from that source as well.
Therefore, experiments on fluids covering a wider range of Capillary numbers become an
important step to develop a better understanding of the underlying mechanisms controlling

heat transfer in non-boiling, gas-liquid Taylor flow.

Nitrogen was used as the gas phase in the present study. To cover a wide range of Capillary
numbers (0.001 < Ca < 0.180), three fluids, water (W), 50 wt% ethylene glycol/water mixture
(EG/W) and pure ethylene glycol (EG) were employed as the liquid phases. In addition to
yielding a large range of Capillary number, the use of pure ethylene glycol as the liquid phase
also allows direct visualization of the gas-liquid interface, as demonstrated in Hégnefelt
(2009) and Gupta et al. (2010c). For all liquids, the contact angles between the liquid and the
copper and silica surface are < 90°, indicating that the walls are always wet with a liquid film

existing on the wall.

Table 3.1 shows the properties of all working fluids at 25 °C and atmospheric pressure. The
ranges of flow parameters studied and the related dimensionless numbers are given in Table
3.2. As seen in Table 3.1, the viscosities of the three liquid phase fluids are significantly
different. Using these three fluids, a wide range of Capillary numbers was easily achieved for
a similar range of mixture velocities (0.10 < Urp < 0.53 m s). The Reynolds number (10 <

Rerp < 1100) spanned over two orders of magnitude and was kept in the laminar flow regime.

37



Chapter 3: Experimental Apparatus and Method Validation

The homogeneous void fraction ranged from 0.03 to 0.9 to allow a comprehensive

assessment of its effect on flow and heat transfer characteristics.

All visualization experiments were conducted under isothermal condition (21 °C) and the
working temperature for all two-phase heat transfer experiments was controlled so that the
temperature rise was never more than 20 °C (and, typically, <10 °C). It is noted that
temperature and pressure varied along the test section; however, for the purposes of reporting
characteristic conditions (such as velocity and homogeneous void fraction) for each heat

transfer condition, the temperature and pressure at the mid-point of the test section were used.

Table 3.1: Physical properties of the working fluids at 25 °C and atmospheric pressure.

50 wt% Ethylene

Ethyl
Fluid Nitrogen  Water (W) glycol / water i co)l, :Eé)
mixture (EG/W) gy

Density (kg m™) - 997 1063 1113
Viscosity (kgm™ s')  2.10x10™  9.78x10™* 3.17x107 1.71x1072
Surface tension (N m™) - 0.073 0.056 0.048
Specific heat capacity

N 1040 4182 3648 2405
Jkg' K™
Thermal conductivity

St - 0.607 0.402 0.258

(Wm" K)
Prandtl number, Pr - 6.7 28.8 163.3
Contact angle (copper) - ~74° 62°-74° ~62°
Contact angle (silica) - ~35° 35°-83° ~83°
Refractive index - 1.333 1.382 1.432

38



Chapter 3: Experimental Apparatus and Method Validation

Table 3.2: Operating conditions and related dimensionless numbers.

50 wt% Ethylene

Parameters Water (W) glycol / water Ethyl(eFl:lé;glycol
mixture (EG/W)

Mixture velocity, Urp (m s1) 0.11-0.53 0.10- 0.51 0.10- 0.49
Homogeneous void fraction, f 0.03-0.90 0.09-0.80 0.07-0.80
Reynolds number, Rerp 210-1100 70-350 10-65
Péclet number, Pe 1460-7280 2020-10080 1630-10610
Capillary number, Ca 0.001-0.007 0.007-0.033 0.037-0.177
Mixer Capillary number, Ca;p  0.0001-0.005 0.001-0.013 0.011-0.088

3.2 Apparatus for vertical Taylor flow experiments

3.2.1 Flow loop design

Two flow loop designs were used for the vertical Taylor flow experiments, depending on the
fluids used. An open-loop system was employed when water was used as the liquid phase,
whilst a closed-loop system was employed for experiments involved the use of ethylene

glycol due to its hygroscopic nature.

3.2.1.1 Nitrogen-water experiments

The experimental facility used to determine the hydrodynamic characteristics and the heat
transfer rates of vertical upward Taylor flow using water as the liquid phase and nitrogen as
the gas phase in a circular channel of internal diameter, d = 2.00 mm is shown in Figure 3.1.
The tube diameter was confirmed by comparing the measured pressure drops of single-phase
flows in the laminar flow regime with the prediction for standard laminar friction factor. The
liquid was introduced using a HPLC pump (Gilson, Model 305) and the gas flow was
regulated by a calibrated mass flow controller (Sierra Smart-Trak, C100L) with a maximum

flow rate of 100 sccm. The gas and liquid were mixed in a T-junction prior to entering the
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circular microchannel test section. Beyond the test section, the fluids were discharged to the

atmosphere.

The liquid inlet, mixture outlet and block temperatures were measured with tip-sensitive K-
type thermocouples calibrated to + 0.08 K, and data were acquired when steady-state
operation was reached. All outputs of the thermocouples were acquired by a data logger
(Agilent 34970A). The pressure oscillations and absolute pressure at the liquid inlet were
recorded using another data-logger (USB-1608FS) which allows a measurement frequency up
to 1000 Hz. The liquid flow rate was monitored by weighing the liquid discharged to a

container with an electronic balance (A&D HP320) over a preset period of time.

Transparent
Tube

High-speed
Videocamera

DC Powerl |
Supply

Data
Logger1

Test
Section

Data
Logger 2

M 25 psi Check Valve
| o

Balance

Nitrogen

06550

Figure 3.1: Schematic of the experimental apparatus for nitrogen-water Taylor flow.
(Pac = piezoelectric pressure transducer, Ppc = absolute pressure transducer, T; = inlet
temperature thermocouple, T, =outlet temperature thermocouple, T, (n=1, 2...10)=

thermocouples for block temperature measurement.
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3.2.1.2 Experiments involving ethylene glycol

The experimental facility used to study the flow characteristics and the heat transfer rates of
vertical upward gas-liquid Taylor flow in a circular channel (d = 2.00 mm) involving the use
of ethylene glycol is modified from the setup used for the nitrogen-water experiments to
include a closed-loop for liquid recycling, as shown in Figure 3.2. After the test section, the
fluids returned back to the liquid reservoir and the gas was discharged to the atmosphere,
after bubbling through a flask partially filled with oil. Since ethylene glycol is highly
hygroscopic and its properties change significantly with water content, the closed-loop was

designed to prevent contact of the working fluids with any moisture in air.

Cc
j Transparent
Tube
High-speed
Videocamera a
PC
L
' DCPowerl|
Data ! Supply
Logger1
—@— Test
Data Section
Logger 2 _@_
Spent sz —\ /—\ @
\ Liquid M 25 psi
Tank Check Valve
Qil Flask
ooco

@_

X

Nitrogen

Figure 3.2: Schematic of the modified system for Taylor flow heat transfer and visualization

experiments involving the use of ethylene glycol.
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3.2.2 Mixer design

Figure 3.3 shows (a) a schematic diagram of the mixer design and (b) the centre plane of the
T-mixer and microchannel. Three Swagelok T-junctions with different internal bore
diameters were used in this study to generate different bubble and slug lengths for the same
mixture velocity and homogeneous void fraction. The dimensions of the three T-mixers are
given in Table 3.3. The internal bore diameters of the T-mixers were determined by
measuring the mass of liquids (water and ethanol) with known density that were required to
fill the mixers. The standard deviation for three repeats was less than 5%. Since the diameters
of all T-mixers are larger than that of the test section (d = 2.00 mm), flow contraction
occurred at the inlet of the test section. The T-mixer was operated with head-on flows of gas
and liquid with the two-phase mixture exiting vertically upward to the test section. A check
valve was mounted next to the gas injection port to reduce the effect of pressure pulsation on
the compressible gas stream during bubble generation. A piezoelectric pressure sensor
(Kistler Instruments, model 211B5) and an absolute pressure sensor (Druck, PMP 1400) were
connected close to the liquid inlet to allow the system pressure and flow stability to be

monitored, while also providing a means of measuring the frequency of bubble generation.

~—

Copper Tube

AC Pressure Transducer

DC Pressure Transducer

' \ Gas Inlet
/ 25 psi Check Valve

/ T-junction Mixer
Liquid Inlet

Figure 3.3 (a): Schematic of the mixer design.
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Figure 3.3 (b): View of the centre plane of the circular T-junction mixer and the test section

microchannel.

Table 3.3: Geometrical parameters of the T-mixers.

Mixer Tube Outer Diameter Internal Bore Diameter, Standard deviation of

(inch) dy (mm) dyy (mm) (%)
™1 1/8 2.27 0.08 (3.5)
™2 3/16 3.10 0.05 (1.6)
™3 1/4 4.81 0.07 (1.5)

3.2.3 Brightfield flow visualization

The transparent test section comprises a 300 mm long silica tube of internal diameter
d =2.00 mm to allow flow observation with the use of a Photron high-speed PIV camera
(Fastcam1024PCI). A back-lit illumination system and epifluorescent microscope (Olympus,
IX71) were employed for lighting and magnification, respectively, for the visualization
experiments. Due to the mismatch of refractive indices between air (RI = 1.000) and the silica
tube (RI = 1.459), optical distortion arises from both the outer and inner curved surfaces of
the tube. The effect of refraction at the outer surface was corrected using a square refractive
index matching (RIM) system filled with ethylene glycol (RI = 1.432) for all fluid systems. A

schematic of the RIM system is shown in Figure 3.4.
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Figure 3.4: Schematic diagram of the RIM-system.

All visualization experiments were conducted under isothermal condition (21 °C) with the
heating test section in Figures 3.1 and 3.2 removed. Depending upon the bubble and slug
lengths, backlit images of the two-phase flow were recorded by the high-speed camera at
rates of 250-1000 frames per second (fps) with a resolution of 1024x1024 pixels and a shutter
speed of ~1/500,000 s. Images were recorded with an objective of 4x magnification, which
gave a 4.35 x 435 mm’ area of view. The image recordings were always made under
conditions where regular pressure oscillations were observed, indicating the achievement of a
stable flow. The measurement period varied between 3.2 and 12.8 s, depending on the frame
rate, to give 3200 frames per recording. The bubble velocity, Ug, bubble length, Lg, slug
length, Lg, and bubble frequency, Fz were then determined by performing a frame-by-frame

analysis of the recorded images using the following equations

U = AZ/t (3.1a)
Lg = Up(fri = fui)T (3.1b)
Ls = Up(friv1 = fei)T (3.1¢)
Fg = (fais1 = fai)/T (3.1d)

where 7 is the frame period; AZ is distance moved by the bubble nose in a time of 7; f,; and

feiare the frame numbers when the i" bubble nose and tail appear on the video image
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respectively, f, ;41 is that when the bubble nose of the next bubble appears on the video
image. The bubble generation frequency can also be determined from a Discrete Fourier
Transform of the oscillating pressure signals. As seen in Figure 3.5, good agreement is
achieved between the two methods in determining bubble frequency, with less than 1%

difference for most cases.
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Figure 3.5: Optical bubble frequency against pressure fluctuation frequency.

3.2.4 Multi-block heat transfer measurements

The experimental rig, which allows pseudo-local heat transfer rate determination in single-
phase flow, was made of a continuous hard drawn copper tube of 2.00 mm inner diameter
which has a surface roughness < 1.5 pm, using the same design as that used in Bao et al.
(2000). A 400 mm unheated region served to enable the flow to become hydrodynamically

fully-developed before entering the heating section. The heating section consisted of ten
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25 mm long cylindrical copper blocks of 25 mm in diameter, via soldering, with each block
being surrounded by a separate resistance band heater. A K-type thermocouple was
embedded at the mid-point of each block which was isolated from the next by a 2 mm-thick
fibre sheet to minimize inter-block heat conduction. Bao et al. (2000) found that only one
thermocouple was required to measure the temperature of each block as a nearly isothermal
condition was achieved within individual heating blocks. A 200 mm unheated section
following the heating zones minimized the exit effect. A schematic of the ohmically heated

test section and a picture of the actual test section are shown in Figure 3.6.

Band Heater

Copper Tube

Insulation

Copper Block

(b)

Figure 3.6: (a) Schematic of the ohmically heated test section and (b) a picture of actual test

section (lagging removed).

The whole system was insulated by foam to minimise ambient heat loss and the effect of
environmental changes. Power was supplied to the band heaters by a DC power source
(Densei-Lambda, GEN40-38) at constant voltage. The heat input to each block, Q;, is

calculated from the input voltage, V, and the resistance of each band heater, R;, which were
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found to be independent of temperature over the temperature range 20 °C to 100 °C, given in

Table 3.4.

Q; = — (3.2)

Table 3.4: Electrical resistance of the band heaters in the temperature range of 20100 °C.

Heater Resistance (Q2)

730
739
759
725
715
736
746
752
725
731

O 00 3 O W B W N =

—
)

3.2.4.1 Heating zone calibration

Heat losses to the environment and to adjacent blocks are inevitable, despite the use of
insulation. Therefore, a series of calibration experiments were first performed under
conditions of zero fluid flow to determine the conductance loss coefficients for both the
ambient loss and the inter-block loss. The detailed procedures for the determination of heat
losses and the heat transferred to the fluid for each block, Qﬁ, were documented in Bao
(1995), Bao et al. (2000), Baird (2001) and Liu (2011). Figure 3.7 gives a schematic

arrangement of the heat flows in the heating zone.
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Figure 3.7: Schematic of the heat flows in the heating zone.

Under steady-state condition, the heat balance for each block is expressed as

For block 1: Q1 = Qf1 + Qg1 + Q12 (3.3)
For blocks 2 to 9 (l =23 ) Qi = in + Qai + Qi,i—l + Qi,i+1 (34)
For block 10: QIO = QflO + QalO + Q10,9 (35)

where (Q; is the heat lost to the ambient; Q;;_; and Q; ;44 are the heat transferred from block

[ toblocks i — 1 and i + 1, respectively.

In the absence of fluid flow, Q fi = 0, the heat input to individual blocks, Q;, is balanced by

the sum of the heat lost to the environment and adjacent blocks. Since conduction is the
major heat transfer mechanisms in these zero fluid flow experiments, the heat losses to the

environment and adjacent blocks are determined as

Heat loss to the ambient environment for block 1to 10 (i = 1,2 ... 10)
Qui = Cia(Twi —Ta) (3.6)

Heat loss from blockitoi+1fori =1,2...9

Qiit1 = —Qir1i = CPip1 (T — Twisr) 3.7)
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where C is the thermal conductance between block i and the environment; T,,; is the wall
temperature of block i; T, is the ambient temperature; CffiH is the thermal conductance

between block i and i + 1.

Therefore, the heat input into each block is determined as

For block 1: Q) = C£(Tyy — Tp) + C22(Tyw1 — Tw2) (3.8)
For blocks 2to 9 (i = 2,3...9):

Qi = C(Twi = Ta) + Clia (Twi = Twic1) + Clia (Twi = Twis1) (3.9)
For block 10: Q19 = Cfy(Tyw10 — Ta) + CPo,9(Twio — Twwo) (3.10)
A series of 36 calibration experiments were conducted, with heating blocks operating
individually at three different power levels and all heating blocks operating together at six
other power levels. The Singular Value Decomposition (SVD) method was employed to

determine the conductance losses to the environment and adjacent blocks for the present

multi-block heating system and the results are shown in Table 3.5.

Table 3.5: Conductance loss to the surroundings and adjacent blocks.

Block No. 1‘(4‘;3;?; nii??gﬂﬁdof M:‘?;‘g;ﬂ Dii?:gs;if

CF (%) Clis1 (%)
1 0.03915 3.66 0.320 3.92
2 0.01796 5.16 0312 7.10
3 0.01765 4.61 0.304 8.43
4 0.01726 1.23 0.321 2.43
5 0.01695 6.69 0.317 6.30
6 0.01670 2.64 0.328 3.91
7 0.01698 7.25 0.315 1.32
8 0.01717 8.90 0.309 1.08
9 0.01803 9.25 0.311 1.94
10 0.03865 6.04 - -
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Figure 3.8 shows the typical block temperature distributions obtained from the zero fluid flow
experiments. The accuracy of the values of the conductances presented in Table 3.5 was
verified by comparing the wall temperatures calculated from Egs. (3.8)-(3.10) with the
measured wall temperature. As seen in Figure 3.8, good agreement was found between the

predicted and measured values, with the largest deviation (3%) observed at the end blocks.
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Figure 3.8: Typical wall temperature distributions of zero fluid flow experiments with both

experimental ( ® ) and calculated (0 ) wall temperatures of different blocks shown.

3.2.4.2 Thermal time constant of the heating system

The thermal time constant (7,,,;;), which is the response time required for a body to change
its bulk temperature by ~60% of a specified temperature jump, is an important characteristic

of the heating system and is estimated using a lumped capacity analysis method as

_ pwalle,wallVbody
Twall = hA
S

(3.11)
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where pyqu and Cp gy are the density and specific heat capacity of the wall material,
respectively; his heat transfer coefficient; Vyo4y is the body volume and Ag is the surface

area. The thermal time constant for each heating block is approximately 200 s.

3.2.4.3 System validation using single-phase laminar flow

After zero flow calibration tests, a series of single phase laminar flow heat transfer
experiments were performed using water (W), 50 wt% ethylene glycol/water mixture (EG/W)
and pure ethylene glycol (EG) for Reynolds numbers varied from 5 to 1200 to validate the
system. All thermodynamic and thermo-physical properties of water were determined from
the IAPWS-IF97 database, while the properties of 50 wt% ethylene glycol/water mixture and
pure ethylene glycol were determined using the correlations suggested by Sun and Teja
(2003).

At steady-state, the overall heat balance for the heating system can be expressed as

. 10 V2
Qf = me(Tin — Tout) = Qi — Qoss = Z (-l-?_ - Cia(Twi - Ta)) = Qexch (3.12)
i=1 \ '

where m is the total mass flow rate; (:',, is the average specific heat capacity across the heating
test section; T;, and T, are the inlet and outlet temperature, respectively; Q,,ss 1S the heat

loss to the environment; Qf and Qexcp are the heat transferred to the fluid.

In general, the heat loss to the environment, Q,,55, Was less than 15% of the total power input,
indicating that most of the heat input was transferred predominately into the fluid streams
passing through the block. Also, a satisfactory overall heat balance for the heating section
was obtained over the range of power input (4-38 W) used in this study, as confirmed in

Figure 3.9 (< 5% for most cases, with a few falling in the 5-15% range).
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Figure 3.9: Overall heat balance for the heating system.

The bulk mean fluid temperature at the outlet of each block (7} ,,,¢) was calculated as
M Cpi (Toiout — Toiin) = M(Hioue — Hiin) = Qi (3.13)

where (fpl- is the average specific heat capacity of block i; T, i is the bulk mean temperature
at the inlet of block i, taking a value of the outlet temperature of the previous block
(Tyi-1,60t)5 ﬁ,-,m and ﬁi,out are the specific enthalpies at the inlet and outlet of block i,

respectively.
The pseudo-local Nusselt number, Nu;, was defined as

_h_"‘{_i.i_ qi i (3.14)
B kL - ATlm kL B Tbi,out - Tbi,in kL .
. ( Twi — Thi,in )
Twi = Tbi,out

Nui

where h; is the pseudo-local heat transfer coefficient; g; is the wall heat flux; AT),, is the log-

mean temperature difference in each heating block.
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With this experimental rig, a step change in wall temperature is achieved from one block to
the next and an approximately constant wall temperature is imposed in each block, with the
blocks all having nearly the same average heat flux. While the experimental arrangement
does not correspond strictly to any standard thermal boundary condition for laminar flow, it
has been shown with single-phase flows to produce pseudo-local heat transfer coefficients
that agree closely with theoretical results for constant heat flux thermal boundary conditions.
As seen in Figure 3.10, most of the experimental Nusselt numbers fall within 10% (some are
in the range 10-20%) of the standard Graetz solution (Shah and London, 1978). One point to
note here is that data for the first and last blocks were not included in the comparison due to

the uncertainties arising from the end-block effects.
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Figure 3.10: Comparison of the experimental single-phase local Nusselt numbers with the
theoretical results for thermally-developing and hydrodynamically fully-developed laminar

flow for constant wall boundary conditions suggested by Shah and London (1978).
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3.2.4.4 Two-phase heat transfer

In determining the two-phase heat transfer rate, a homogeneous mixture of the two fluids was
assumed. The bulk mean temperature was determined in a similar way to that used in the

single-phase experiments, except a two-phase specific heat capacity, Cprp and specific

enthalpy, Hrp, were used and the evaporation of the liquid phase was taken into account.
Cp,TP = xGCp‘G + (1 - xG)Cp‘L (315)
HTP - xGHG + (1 - xG)HL (3.16)

where C,, ¢ and C,, ;, are the specific heat capacity and H; and H), are the specific enthalpies of
the gas and liquid phases, respectively; X is the mass fraction of the gas phase. With the
introduction of gas into the system, evaporation occurs. The mass of fluid evaporated, m,;,
from the entrance to heating block i is estimated based on the saturated vapour pressure,
Pgqri, at the measured wall temperature (T,,;), assuming that gas-liquid equilibrium is

reached immediately

" MLPsat,i
G
MG (Pi - Psat,i)

Ty = (3.17)

where i is the gas mass flow rate; M; and M, are the molecular weight for the gas and

liquid phases, respectively; P; is the pressure at the mid-point of block i.

The heat needed for liquid phase evaporation (Qg ;) is then calculated as

QE,i = (mvi - mvi—l)Hlv,i (3-18)

where Hy, ; is the enthalpy of vaporization in zone i.

The working temperature for all two-phase heat transfer experiments was controlled so that
the temperature rise was never more than 20 °C (and, typically, <10 °C). Figure 3.11 shows
the variation of the saturation vapour pressure, Pg,;, with temperature. It can be seen that the
saturation vapour pressures for all liquid phase fluids are well below the system pressure,
which is always higher than atmospheric pressure, for the temperature range used in the

present study (20-50 °C). Using Eqgs. (3.17) and (3.18), the fraction of the wall heat flux that
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results in evaporation (Qg/Qf) was found to be negligible (< 2%) for the range of gas flow

rate (0.02-0.56 kg m”s™) and heat flux (0.5-12 kW m™) used in the present study.
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Figure 3.11: Variation of the saturation vapour pressure, Py, with temperature for water (W),

50 wt% ethylene glycol/water mixture (EG/W) and ethylene glycol (EG).

Taking the energy used for evaporation into account, the bulk mean fluid temperature at the

outlet of each block (T}; y,¢) for two-phase flow was calculated as:
mcp,TPi (Tbi,out = Tbi,in) = ﬁl(ﬁ?‘Pi.out = ﬁTPi,in) = in = QE,,' (3.19)

The two-phase Nusselt number for each block (Nu;) were then determined in the same
manner as that used for the single-phase system (Eq. 3.14), using the liquid thermal

conductivity.

As discussed in the single-phase validation section, the present experimental arrangement

does not correspond strictly to any standard thermal boundary condition for laminar flow
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even though the heat flux in each heating zone is approximately the same. Although the
apparatus returns accurate pseudo-local heat transfer coefficients for steady, developing
single-phase flows with a constant heat flux thermal boundary condition, the long thermal
time constant associated with the heating blocks (~200 s) means that its response to a
pulsatile pattern like Taylor flow with a frequency of a few Hz represents a time-average for
the flow. Therefore, this apparatus were used to determine the mean heat transfer rate for

hydrodynamically and thermally fully-developed Taylor flow.

3.3 Uncertainties in the two-phase heat transfer analysis

With the inclusion of viscous fluids in the study, the inlet pressures increased somewhat,
from ~105 kPa with water to as high as 170 kPa with ethylene glycol at the maximum
velocity, thus giving rise to significant gas volume and mixture velocity changes from inlet to
outlet. The magnitude of this effect was estimated from the estimated fraction of the overall
system pressure drop that occurred between the inlet pressure measurement (in the liquid,
upstream of the mixer, Figure 3.1 and 3.2) and the observation point near the end of the
transparent tube, being typically about 35% of the total pressure drop. For the worst case
(ethylene glycol, Urp = 0.42 m s, f=0.42, Lgd ~ 2.3), the bubble volume was calculated to
increase 13% for isothermal condition. This calculation was confirmed experimentally by
comparing the bubble lengths at the entrance and exit of the visualization test section at room
temperature. The variability in the mixture velocity and bubble length due to pressure drop

effects are therefore <13% in the worst case, and considerably less than this in general.

In the heat transfer experiments, the wall heat flux was controlled to ensure that the
temperature rise was never more than 20 °C (and, typically, <10 °C). Therefore, the volume
change due to thermal expansion of the gas was never more than a few percent. This effect
was easy to determine accurately via the block-to-block heat balances employed for the data
analysis. In correlating the results from individual blocks, the local estimates of temperature
and pressure were used. However, for the purposes of reporting characteristic conditions
(such as velocity and homogeneous void fraction) for each heat transfer condition, the

temperature and pressure at the mid-point of the multi-block test section were used.

Estimates of the uncertainties in the individual measurements needed to evaluate the two-

phase Nusselt number (Nurp) are presented in Table 3.6. Measurements of local single-
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phase heat-transfer coefficients in thermally-developing laminar flow agree with theoretical
predictions to within 10%. An additional source of error in the two-phase flow heat transfer
experiments is the estimation of the energy going to evaporation, but as shown above this is a
minor effect (< 2%) because of the low working temperature (20-50 °C) so any error in its
calculation will have a negligible effect on the results. The resulting uncertainty in Nugp is

therefore no more than 15% of the measured value.

Table 3.6: Uncertainties of individual measurements and calculated Nusselt number.

Parameter Range Uncertainty
Tube internal diameter, d (mm) 2.00 +1%
Inlet pressure (kPa) 105-170 1+0.25%
Heat flux (kW m™) 0.5-12 +5%
Gas mass flux (kg m2s™) 0.02-0.56 +1%
Liquid mass flux (kg m?s™) 24-296 +1%
Wall to bulk mean temperature difference (°C) 1-8 +7%
Two-phase Nusselt number, Nuzp 0.8-14.0 +15%

3.4 Apparatus for horizontal Taylor flow experiments

Both brightfield microscopy and Micro-particle Image Velocimetry (WPIV) experiments were
performed to obtain the bubble shape and detailed flow field in the liquid phase to investigate

the effect of gravity on Taylor flow in a horizontal direction.

3.4.1 Flow loop design

Figure 3.12 shows a schematic of the experimental facility used for Taylor flow visualization
experiments performed in 300 mm long silica tubes of three different inside diameters
(d=1.12, 1.69 and 2.12 mm) in the horizontal direction. Nitrogen and ethylene glycol were
used as the gas and liquid phases, respectively. The flow loop design is the same as that used
for the nitrogen-ethylene glycol vertical visualization experiments with the heating section

disconnected. For all horizontal flow experiments, the smallest T-mixer (TM1) was used.
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Figure 3.12: Schematic of visualization experimental apparatus for the investigation of the
gravity effect on Taylor flow (Pac = piezoelectric pressure transducer, Ppc = absolute

pressure transducer, Tin= inlet temperature thermocouple).

3.4.2 Brightfield microscopy

Brightfield microscopy was first performed with pure ethylene glycol using the Photron high-
speed PIV camera (Fastcam1024PCI) as that used for the vertical Taylor flow visualization to
collect backlit images of the two-phase flow. Variations of film thickness in the
circumferential direction were established by placing the camera at four different positions to
yield eight visualization angles, as shown in Figure 3.13. The bubble shapes obtained at the
vertical plane passing through the channel axis were digitized using digitization software
(Digitizelt) to allow quantitative comparisons of the upper and lower bubble interfaces for
different flow conditions. The thickness of the film, Jr, surrounding the gas bubble was
determined by direct measurement of the distance from the wall to the gas-liquid interface.
The bubble velocity, Ug, bubble length, Lg, slug length, Lg, and bubble frequency, Fg, were
determined by performing a frame-by-frame analysis of the recorded images, as described in

Section 3.1.3.
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Figure 3.13: An arbitrary cross-section in the bubble region showing the visualization angles

for brightfield microscopy and the focal planes for uPIV measurements.

3.4.3 Micro-particle Image Velocimetry (uPIV) visualization

A Micro-particle Image Velocimetry (uPIV) system was established successfully in our
laboratory and its ability to produce high quality flow field measurement of two-phase flow

have been demonstrated (Fouilland, 2008, Hagnefelt, 2009, Liu, 2011).

The uPIV measurements in this study were undertaken using ethylene glycol seeded with
0.024% by volume fluorescent particles (dpanicie = 3 um) to obtain the time-resolved velocity
data. Figure 3.14 shows a schematic of a uPIV system showing its working principles. A
high-speed double pulsed laser (New Wave Pegasus-PIV dual-cavity Nd-YLF laser, capable
of up to 10 mJ per pulse per laser head at 1 kHz, with a pulse duration < 180 ns) was used to
excite the fluorescent seed particles at the 527 nm wavelength through a 10x objective with a
numerical aperture (N.A.) equal to 0.3. The reflected particle signals, which have a longer
wavelength (A > 550 nm), were separated from the illuminating light by a filter cube and

captured by the same high-speed PIV camera as that used in the brightfield visualization
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experiments. The camera was synchronized with the laser pulses using an ILA synchroniser
(Julich, Germany) to obtain image pairs with known time interval from 10-1000 ps. Images
recorded with the 10x objective had an area of view of 1.74 x 1.74 mm?” at full 1024 x 1024
pixels resolution. The recorded images were pre-processed using the Imagel software to
improve the image contrast by removing low-intensity images of out-of-focus particles. Then,
the Vidpiv software from ILA was used to process the PIV images to yield the velocity field.
Details of the yPIV system and velocity data capturing techniques can be found in Fouilland

et al. (2010) and the Appendix.
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Figure 3.14: A schematic of a uPIV system showing the pathways for illuminating and

reflected lights. Modified from Fouilland (2008).

3.4.3.1 Single-phase flow validation

uPIV measurements for single-phase laminar flow with a Reynolds number of 6 were first

performed to validate the system. Since the measurements were done at a location ~300 mm
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downstream from the inlet of the test section, a fully-developed laminar flow was established
and a parabolic velocity profile was expected. 150 image pairs were recorded and analysed to
obtain the time-averaged velocity vectors at each measurement depth which were then used
to reconstruct the velocity profile at the horizontal centreline of the cross-section. Figure 3.15
compares the normalized experimental velocity profile with the parabolic profile for single-
phase fully-developed laminar flow. Good agreement was achieved between the

measurement and the theoretical value (within 4%).
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Figure 3.15: Comparisons of the experimentally determined velocity profile at the horizontal
centreline for a single-phase laminar flow (Re;, = 6) with the parabolic velocity profile for

single-phase fully-developed laminar flow. The tube diameter is 2.12 mm.

3.4.3.2 Taylor flow measurements

The alternate passage of gas bubbles and liquid slugs through the system provides some

challenges for the PIV measurement. When measuring velocities near the wall, the
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background noise was much lower during the passage of a gas bubble than during the passage
of a liquid slug as more out-of-focus particles were present in the slug region. Also, the
velocities of the near wall liquid in the slug region are much greater than in the liquid film
surrounding a gas bubble. Therefore, it is not possible to measure velocities of the near wall
liquid in the bubble and slug regions at the same time. The PIV conditions (pulse separation)
and analysis procedure (image pre-processing) had to be adjusted depending on the region to

be examined.

By optimizing the measurement parameters for a specific region, the velocity profile of the
liquid film surrounding the bubble and that of the liquid slug for the horizontal centre plane
passing through channel axis (8 = 90°) were constructed by performing measurements at

different focal depths (Figure 3.13).

3.4.4 Heat transfer measurements

The effect of gravity on the heat transfer rate of nitrogen-ethylene glycol Taylor flow was
investigated by performing heat transfer experiments using the flow loop design as shown in
Figure 3.2 with the heating section put in a horizontal direction. The mean fluid temperature
at the centre of each block (73;) and the Nusselt number (Nu;) were calculated in the same

manner as those used for the vertical system.

3.5 Summary

This chapter provided a detailed description of the experimental apparatus and the data
reduction procedures for the investigation of the flow characteristics and heat transfer rate for
Taylor flow in fine passages. Calibration of the multi-block heating system used in this study
were performed carefully and verified with the single-phase laminar flows. Good agreement
was found between the experimental data and the theoretical results. An uncertainty analysis
was conducted and the calculated heat transfer rates are within 15% uncertainty. In the next

chapters, results for Taylor flow visualization and heat transfer experiments are presented.
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Chapter 4
Hydrodynamics of Vertical Taylor Flow

From the literature various parameters, including slug length, void fraction and film thickness,
have been recognized as key factors governing heat transfer enhancement for Taylor flow.
Therefore, careful characterisation of the flow pattern becomes essential for accurate Taylor
flow heat transfer prediction. Furthermore, it is very important to understand how to control
the Taylor flow hydrodynamics by parameters that can be manipulated directly, for example
the superficial gas and liquid velocities, geometry of the mixing zone, etc., if this flow regime

is used for engineering applications.

In this chapter, the dependence of the hydrodynamic characteristics on fluid properties and
flow parameters, including mixture velocity, homogeneous void fraction, and the dimension
of the T-mixer, is investigated by performing systematic visualization experiments under
isothermal condition (21 °C) using a 300 mm long silica tube of internal diameter
d=2.00 mm in a vertical upward direction. Details of the experimental setup and image
analysis procedures are provided in Chapter 3. The results for pressure drop of Taylor flow
for the present study conditions are presented in Section 4.1. The flow visualization results
are shown in Section 4.2. A modified scaling law for bubble length prediction is presented in

Section 4.3.

4.1 Pressure drop

For gas-liquid Taylor flow in a microchannel, pressure drop is mainly due to the frictional
loss of the liquid slug and the additional pressure drop over the gas bubbles due to effects
near the caps of the bubbles. The pressure drop due to the frictional loss in the gas bubble, as
well as that in the liquid film surrounding the bubble are often neglected when compared with
the pressure drop in the liquid slug (Kreutzer et al., 2005a, Kreutzer et al., 2005b, Walsh et
al., 2009, Warnier et al., 2010).

Based on their experimental and computational results, Kreutzer et al.(2005b) suggested that

the total pressure drop can be calculated by summing the pressure drop for fully-developed
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laminar tube flow acting over the slug length and the pressure drop over the front and rear

bubble caps using Bretherton’s correlation (1961) for flow with negligible inertia

szUTP (4.1)

AP_(_LS_)4(1 2) 16 [ +7.16(3Ca)2/3i]

AL d Rerp 32Ca L

LUC

The performance of Eq. (4.1) in estimating the pressure drop along the test section was

examined by comparing the measured inlet pressures and the calculated values, as shown in

Figure 4.1.
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Figure 4.1: Comparison of the measured inlet pressure with the calculated values using Eq.

(4.1).

Good agreement between the experimental data and Eq. (4.1) is achieved for the EG and the
EG/W mixture systems for flows with low Reynolds and Capillary numbers. However, the

predicted values start deviating from measured data as the mixture velocity increases (for
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flow with higher inlet pressure). Kreutzer et al. (2005b) highlighted that Bretherton’s theory
only works well for flow with negligible inertia at which bubble caps are hemispherical in
shape. As the mixture velocity increases (increasing Rezp and Ca), bubble ends change from
having hemispherical caps to a sharp nose and a flattened tail, leading to breakdown of the
lubrication approximation used by Bretherton and hence discrepancies between the

experimental data and predicted values.

In general, Eq. (4.1) under-predicts the pressure drop for the water experiments. As seen in
Figure 4.2, most calculated pressure drops are considerably smaller than the measured value
for Rerp > 100. When the inertial effects become more important (100 < Rerp< 1000),
Kreutzer et al. (2005b) also reported a significant increase in pressure drop. Due to the large
Reynolds number for water (210 < Rerp< 1100), Eq. (4.1) fails to give an accurate pressure

drop prediction for experiments using water as the liquid phase.
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Figure 4.2: Variation of the ratio of calculated to experimental pressure drop, APca/APeyp,

with the Reynolds number, Rerp = p; Urpd/y;.
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For Taylor flow with significant inertial effects (100 < Rerp < 1000), Kreutzer et al. (2005b)
suggested Eq. (4.2) to predict the pressure drop

AP_<L5>4(1 UZ) 16 - d(Re)°'33 42)
AL \Iyo)d\Z2P"™P ) Rers |- * %15 \Ca '

where the value of constant a was found to be 0.07 and 0.17 from their computational and

experimental results, respectively. They attributed the difference to the presence of impurities
in the liquid for the experiments. Walsh et al. (2009) confirmed experimentally the form of
Eq. (4.2) in predicting pressure drop of Taylor flow in microchannels and found that the
value of constant a was an average of the values reported by Kreutzer et al. (2005b). Figure
4.3 compares the experimental inlet pressure and the values calculated using Eq. (4.2) with
a =0.17 for experiments using water as the liquid phase. The experimental data agree

reasonablly well with the precdiction values.
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Figure 4.3: Comparison of the measured inlet pressure with the calculated values using Eq.

(4.2) for experiments using water as the liquid phase.

66



Chapter 4: Hydrodynamics of Vertical Taylor Flow

4.2 Flow Visualization

All flow structures were confirmed to be in the Taylor bubble regime for the conditions
studied. Recall, the flow pattern is characterized by periodic gas bubbles and liquid slugs of
almost constant lengths, with the gas bubble separated from the wall by a liquid film. Figure
4.4 shows typical images of the bubble head and tail obtained at different mixture velocities.
At low Urp, the gas bubble has a symmetrical ellipsoidal head and tail. As Urp is increased,
the bubble head becomes sharper and the bubble tail becomes flatter, and finally the bubble
attains a bullet-shape. Ripples are observed at the bubble tail region at high Urp (0.42 and
0.53 ms" for W, 0.40 and 0.51 ms' for EG/W) when water and ethylene glycol/water
mixture are used as the liquid phase. However, such wavy patterns were not found in the EG
system. This difference can be explained by the different viscosities of the three fluids,
resulting in different ranges of Rerp and Ca for the similar range of mixture velocities.
Edvinsson and Irandoust (1996) showed computationally that ripples were found at the tail

region for flows with 500 < Reyp < 2000 and Ca = 0.01, whereas no undulation was observed

Bubble
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] | ] )
| 1 | |
Bubble
tail

Ure 011ms’ 021ms”’ 032ms’ 042ms' 053ms"’
Rerp 217 433 650 867 1083

Ca 0.001 0.003 0.004 0.006 0.007

for flows with Reyp =20 and 0.2 < Ca < 1.0.

Figure 4.4 (a): Typical images of bubble heads and tails for f ~ 0.5 at different mixture

velocities for fluids of water system.
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Figure 4.4 (b): Typical images of bubble heads and tails for f# ~ 0.5 at different mixture

velocities for ethylene glycol/water mixture system.
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Figure 4.4 (¢): Typical images of bubble heads and tails for f ~ 0.5 at different mixture

velocities for ethylene glycol system.

The use of a Refractive Index Matching (RIM) system eliminated the refraction due to the
outer curvature of the silica tube effectively to enhance the visualization quality. However,

difficulties in identifying the gas-liquid interface still existed due to the combination of the
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inner surface curvature effect and the mismatch of refractive indices between water
(RI = 1.33) or 50 wt% ethylene glycol/water mixture (RI = 1.38) and the tube material (RI =
1.46) as observed in Figure 4.4 (a) and (b). Nonetheless, the existence of the liquid film
between the tube wall and the bubble is indirectly indicated by the bubble velocity (Up) being
greater than the mixture velocity (Urp). By careful matching of the refractive indices between
the tube material and the liquid phase, as for ethylene glycol (RI = 1.43) in Figure 4.4 (c), a
well-defined gas-liquid interface is visible, allowing direct measurement of the film thickness

as well as digitization of the bubble shape.

Figure 4.5 shows a schematic diagram of the flow structure of Taylor flow. There is a
continuous thin liquid film of uniform thickness (df) surrounding both the gas bubbles and
the liquid slugs (defining there to be a liquid film around the slugs is conventional as it
simplifies modelling) at any channel cross-section and alternate gas bubbles and liquid slugs
occupying the centre of the tube. In Taylor flow, the flow structures are highly periodic and
the lengths of the bubbles and slugs are almost constant. Therefore, a unit cell composed of a
gas bubble of length (Lp) surrounded by a thin layer of liquid and a liquid slug of length (Ls)
is usually employed for analytical studies (Suo and Griffith, 1964, Warnier ef al., 2008). The
length of a unit cell (Lyc) is the sum of the gas bubble and liquid slug lengths.
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Figure 4.5: Schematic representation of the flow structure for Taylor flow.
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4.2.1 Void fraction

The void fraction or gas hold up (&) is a measure of the percentage of the volume occupied
by the gas phase during gas-liquid two-phase flow in a channel. In Taylor flow, the ratio of
the void fraction and the homogeneous void fraction (g;/f) is commonly used for flow
characterization. The Armand correlation (g;/f = 0.83) (Armand and Treschev, 1964) and
homogeneous flow model (g;/f = 1) for large channels have been extrapolated to predict
the void fraction in the Taylor flow regime in microchannels. While some researchers have
found good agreement between their experimental data and the Armand correlation (Serizawa
et al., 2002, Warnier et al., 2008, Yue et al., 2008), others obtained better agreement with the
homogeneous model (Triplett et al., 1999b, Saisorn and Wongwises, 2008). Most of the
available data are distributed between the two limits (0.84 < &;/f < 1). However,
Kawahara et al. (2002) found their experimental data obtained from a d = 100 pm tube
deviated significantly from both the Armand correlation and the homogeneous flow model.
They attributed the difference to the much larger slip ratio when compared with flows in
channels of 1 mm hydraulic diameter. In their later study (Kawahara et al., 2009) in which a
d = 250 um microchannel was used, they found better agreement with the Armand correlation
and highlighted that the void fraction decreased with increasing liquid viscosity and/or

decreasing surface tension.

Applying a simple volume balance for the gas phase, €/ can be related to the velocity ratio

as

& _ Urp

— = (4.3)
B Us

For the EG system, a well-defined gas-liquid interface can be clearly visualized (as seen in
Figure 4.4 (c)) which allows direct estimation of the void fraction through digitization of the
bubble images (10 bubbles for each condition) to obtain the area ratio of the bubble and unit
cell areas. Figure 4.6 compares the void fraction obtained from experiments with that

obtained from Eq. (4.3) and good agreement was achieved between the two methods.

70



Chapter 4: Hydrodynamics of Vertical Taylor Flow

0.6

— Parity

0.5 1
0.4 1
0.3 | %

0.2 |

Calculated void fraction, &

0.1 -

0.0 ‘ . . .
0.0 0.1 0.2 0.3 0.4 0.5 0.6

Measured void fraction, &

Figure 4.6: Comparison between the experimental void fraction calculated from measured

film thicknesses with values obtained using the experimental bubble velocity in Eq. (4.3) for

the EG system.

Fairbrother and Stubbs (1935) measured the bubble velocity in a d = 2.25 mm horizontal
capillary. Based on their experimental results, they suggested a correlation (Eq. 4.4) to

predict the velocity ratio for horizontal flows with 7.5 x10° < Ca < 0.014.
—=1-bCa" (4.4)

where the value of the constant b and exponent » are 1.0 and 0.5, respectively. Taylor (1961)
extended the validity of the above correlation for Ca values up to 0.09 by performing
experiments over a large range of Ca. Correlating all the vertical upward Taylor flow
experimental data over a wide range of Capillary number (2x10™ < Ca < 0.39), Liu et al.
(2005) obtained a correlation which was expressed in the same form of Eq. (4.4) for vertical

flow with the values of the constant b and exponent n were 0.61 and 0.33, respectively.

71



Chapter 4: Hydrodynamics of Vertical Taylor Flow

Apart from the Capillary number, Suo and Griffith (1964) demonstrated the effect of the ratio
Rerp/Ca on the velocity ratio prediction using a circular channel of 1 mm diameter. They
showed that Upp/Up is a decreasing function of Ca until a minimum value is reached. Then it
increases with increasing Ca and levels off at a value of 0.84 in the range 59,000 < Reyp/
Ca < 133,000. Their observations differed from Fairbrother and Stubbs (1935) and Taylor
(1961), who reported that the velocity ratio decreases monotonically with Ca until it reached

an asymptotic limit of 0.44 at large Ca using very viscous fluids (Rerp/Ca~0).

The variation of the ratios of the void fraction and homogeneous void fraction (g;/f), which
are obtained from direct measurement for EG system and estimated using Eq. (4.3) for W and
EG/W systems, with the Capillary number (Ca) is compared with the correlations in the
literature in Figure 4.7. Since there is a liquid film surrounding the gas bubble, the bubble
velocity (Ug) is always larger than the mean slug velocity (Urp) and hence, &5/ is always
smaller than unity. Both the experimental data and the correlations show that £;/f is a
decreasing function of the Capillary number. It is also noted that the ratio of the void fraction
and homogeneous void fraction (g;/f) scatter at a given Ca due to the use of different
homogeneous void fractions (). The dependence of ;/f on S was reported by Gupta et al.
(2010b). In their simulation work, they showed that the velocity ratio decreases with

increasing . However, no significant trend between &;/f and f can be drawn from this study.

In general, the Fairbrother and Stubbs (1935) correlation over-predicts the experimental data.
A possible reason is that their model was derived from data for horizontal flow with
negligible inertia, while all data collected here are in a vertical upward flow direction and
cover a wide range of Reynolds numbers for which inertia may not be negligible. A
reasonable good agreement is obtained between the Liu et al. (2005) correlation and the
experimental data for the W and EG/W systems. However, it over-estimates €,/ for all the
data obtained from the EG system. A better representation of the present experimental data
was obtained by changing the constant b from 0.61 to 0.75 in the correlation of Liu et al.
(2005), indicating by a broken line in Figure 4.7. Even so, it is apparent that the simple Ca
correlations cannot describe the variation of the ratio of the void fraction and homogeneous
void fraction precisely and need to be modified, perhaps to take into account inertial effects

and/or the effect of homogenous void fraction.
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Figure 4.7: Comparison of the experimental velocity ratio with the correlations suggested by

Fairbrother and Stubbs (1935) and Liu et al. (2005) and a modified Liu’s correlation.

4.2.2 Film thickness

The film thickness has been reported to be an important parameter in mass and heat transfer
in microchannels (Kreutzer et al., 2005¢, He et al., 2010). For the W and EG/W systems for
which the gas-liquid interface could not be visualized, the normalized film thickness was
determined from the bubble velocity using volume conservation as described by Suo and
Griffith (1964). Assuming the film is stagnant around the gas bubble and the thickness is

constant along the wall, the normalized film thickness is estimated as

O ,UTP
7°-3 1- U, (4.5)

Using the high quality pictures (Figure 4.4 (c)), the normalized film thickness for the EG

| =

system was obtained directly by measuring the distance between the wall and the gas-liquid
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interface. The differences between the measured and calculated normalized film thickness for

the EG system are within 8% for most cases.

For sufficiently long bubbles, the film attains a constant thickness sufficiently far behind the
bubble head but short bubbles, especially at higher velocities, do not show this behaviour,
with the film thickness diminishing smoothly from nose to tail, as shown for Urp = 0.42 m st
in Figure 4.4 (c), where the film thickness changes from 361 pum at the bubble nose to 234
pm at the tail. Computational (Taha and Cui, 2004, Gupta et al., 2010b) and analytical (de
Ryck, 2002) studies have shown the length of the transition region between the bubble cap
and the constant film surrounding the bubble increases with increasing Ca. Therefore, the
disappearance of the constant film region can be expected to arise first with shorter bubbles at

higher Ca, as observed here.

Figure 4.8 shows the fully-developed film thickness as a function of the Capillary number.
For bubbles without a fully-developed film, the reported film thickness is that obtained near
the bubble tail. The film thickness is found to increase with increasing Ca and agrees well
with the literature (Bretherton, 1961, Taylor, 1961, Irandoust and Andersson, 1989a,
Aussillous and Quéré, 2000). Based on scaling arguments and the experimental data obtained
by Taylor (1961), Aussillous and Quéré (2000) suggested Eq. (4.6) to estimate the film

thickness over a wide range of Ca for flow with negligible inertia.

8. 1/ 1.34Ca?/3
£ ( ) (4.6)

d  2\1+335(Ca?/3
As seen in Figure 4.8, Eq. (4.6) gives a good representation of the experimental film
thickness obtained from the EG system. However, it generally underpredicts the data
obtained from the W and EG/W systems. The thickening effect of inertia on film thickness at
high Reynolds numbers or large Reynolds number to Capillary number ratio (Reyp/Ca ) has
been reported previously (Giavedoni and Saita, 1997, Heil, 2001, de Ryck, 2002). Therefore,
the discrepancy can be attributed to the inertial effect on the film thickness in the W and
EG/W systems, as the Rerp/Ca values for the W (150,000) and EG/W (8,000) systems are
significantly higher than that for the EG system (260).
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Irandoust and Andersson (1989a) measured the film thickness over a wide range of
conditions (9.5 x 10* < Ca < 1.90, 0.42 < Resp < 860 and 1 < Reyp/Ca < 140,000) and

proposed an empirical correlation (Eq. 4.7) to predict their experimental film thickness.

)
FF = 0.18[1 — exp(—3.08Ca’5%)] (4.7)

As the ranges of Repp and Repp/Ca of the present study are almost overlapping with that
used in Irandoust and Andersson (1989a), the experimental film thicknesses obtained here are
also compared with Eq. (4.7) in Figure 4.8. Eq. (4.7) appears to represent something of a
lower limit to the experimental data for the W system and to give a better representation of
the experimental film thickness for the EG/W system, but always over-predicts the data for

EG system.

Significant scattering at a given Ca is observed for the W and EG/W system. As mentioned in
the previous section, Upp/Ugor &;/f scatter about the same Ca due to the different

homogeneous void fractions used in the experiments.
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Figure 4.8: Comparison of the normalized experimental film thickness versus Capillary
number with the correlations derived by Aussillous and Quéré (Eq. 4.6) and Irandoust and

Andersson (Eq. 4.7).
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4.2.3 Bubble length, liquid slug length and bubble frequency

The lengths of the individual bubbles and slugs were measured as described in the
experimental section, while the values reported here were obtained by averaging the values
over the entire recording period (5-100 bubbles per recording). Depending on the fluids,
operating conditions and T-mixers used, the bubble and slug lengths varied from 1 to 220d.
Figure 4.9 shows typical plots of the normalized bubble length (Lg/d), slug length (Lg/d),
unit cell length (Lyc/d), and bubble frequency (Fp) as a function of S obtained for
experiments using water as the liquid phase for all three T-mixers at Uzp= 0.21 m s, The
trends of the various lengths and the frequency are similar for all mixers used. Longer
bubbles and shorter slugs were observed as f increases, which can be explained simply by the
increasing gas-to-liquid ratio used to form the gas-liquid mixture. The normalized unit cell
length (Lyc/d) first decreases with increasing S, then remains relatively constant until f = 0.5
and increases again with larger . The bubble frequency is related to the bubble velocity and

unit cell length as

Ug

F, =
F Lyc

(4.8)

Thus, the variation of Fp with £ has an opposite trend to that of Ly-/d as the bubble velocity
remained relatively constant at the same mixture velocity. Similar trends were observed for
other mixture velocities. The standard deviations of the measured lengths for most flow

conditions are less than 5%, with a few falling in the 5-15% range.
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As seen in Figure 4.10, similar variations of the lengths and the frequency with the
homogeneous void fraction are observed in experiments using EG/W and EG as the liquid
phase and the smallest mixer at Uzp~ 0.21 m s, Again small standard deviations (less than
10%) of the measured lengths are noted for both fluid systems, confirming the suitability of

the experimental setup to generate flows which can be characterised precisely.
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4.3 Bubble and slug lengths prediction

Several empirical correlations have been proposed for prediction of the absolute bubble
length, with most of them expressed as a function of the Reynolds numbers and/or the phase
holdup (Laborie et al., 1999, Kreutzer et al., 2005a, Liu et al., 2005, Akbar and Ghiaasiaan,
2006, Qian and Lawal, 2006). However, there is a lack of agreement between them, reflecting
the fact they are only applicable to specific working fluids and inlet structures. Some authors
suggested that the sizes of the bubbles and slugs are strongly dependent upon the dynamics of
the contact between the two phases at the inlet, in other words, the bubble formation
mechanisms which are independent of the inlet configurations (Garstecki er al., 2006, de

Menech et al., 2008, Xu et al., 2008).

The bubble formation mechanisms can be distinguished by the mixer Capillary number based
on the liquid flow rate at the mixing section (Cay y = 1, Q,/0Ay). Garstecki et al. (2006)
postulated that there is a critical Capillary number (Ca., ~ 0.02) separating two commonly
observed bubble formation mechanisms. Below Ca., (Cayp < 0.02), the bubble formation
process is determined by the pressure drop across the bubble as it forms. This bubble
generation mechanism is categorized as “squeezing” with the bubble length controlled by the
ratio of the gas to liquid flow rates (Qg/Q.). Above Ca. (Capp > 0.02), the bubble
formation process is dominated by the balance between the shear and interfacial forces and is
described as “shearing”, with the bubble length controlled by the mixer Capillary number
(Cagm)-

For bubbles generated in the squeezing regime, Garstecki et al. (2006) developed a scaling
law (Eq. 4.9) to determine the bubble size formed via a T-junction connected to a rectangular

microchannel (§ = 0.033 mm, w = 0.05-0.2 mm).

Lp Q¢
= + a, o (4.9)

where w is the width of a rectangular channel; a, and a, are constants of the order of unity,
with the particular values depending on the geometry of the T-junction. The first and second
terms in Eq. (4.9) correspond to the length developed in the filling and squeezing stages of

the bubble formation process, respectively.
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van Steijn et al. (2007) measured the three-dimensional flow field of the liquid phase during
bubble formation in a 800 pm squared T-junction operated in the squeezing regime using
uPIV. They confirmed the scaling argument of Garstecki et al. (2006). The dependence of
bubble diameter and hence the resulting length on liquid properties, including viscosity and
surface tension, was reported (Laborie et al., 1999, Xiong et al., 2007, Shao et al., 2008). In
order to allow films with non-negligible thickness, Xiong et al. (2007) modified the above
scaling law by replacing the channel width (w) by the bubble width (wpg).

The Garstecki et al. (2006) scaling law has been applied successfully to the prediction of
bubble length in rectangular and square T-junction mixers (van Steijn et al., 2007, Leclerc et
al., 2010), Y-junction rectangular microchannels (Yue et al., 2008), rectangular co-flowing
microchannels (Xiong et al., 2007), and circular flow-focusing devices (Shao et al., 2008)
operating in the squeezing regime. For a T-junction mixer with circular cross-section and
systems with thin films, replacement of w in Eq. (4.9) with the channel diameter d is an
obvious substitution. Since the bubble length was measured in the test section which has a
smaller diameter than the mixer in which the bubbles are produced (d = 2.00 mm versus
dy=2.27, 3.10 and 4.81 mm), a volume balance (LBdZ = Lp|Mixer Ayt 2) is applied, assuming

negligible pressure drop from the mixer to the exit of the test section, to obtain

(5 v

According to Figure 4.1 and 4.3, the assumption of negligible pressure drop across the test
section works reasonably well for the water system. In addition, all water experiments fall in
the squeezing bubble generation regime, as the mixer Capillary numbers (0.0001 < Ca, p <
0.005) fall well below the critical Capillary number (Ca., ~ 0.02). Therefore, values of the
constants @, and a,were determined based on the data obtained from the water experiments.
Using a linear regression technique, @; = 1.10 and a, = 1.25 were found. As seen from
Figure 4.11, good agreement is achieved between the experimental data and calculated values,

with the experimental data scattering within +30% of the predictions.

To examine the validity of Eq. (4.10) for the other two fluid systems, the normalized
experimental bubble length obtained from the EG/W and EG experiments are also compared
with Eq. (4.10) in Figure 4.11. Apparently, the experimental data agree reasonably well with
the prediction as most bubble lengths fall within the +30% bounds. Larger scatter is observed
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for the EG system as some bubbles are generated in the shearing regime according to the

range of mixer Capillary numbers (0.011 < Ca,, p < 0.088) when using this liquid.

100

10 1

Lg / d (Experimental)

1 A s - A . 5 el | BB ? - . ¢ y . ek T
1 10 100
Lg/d (Predicted)

Figure 4.11: Comparison of the normalized bubble length between the experimental data and
the predicted values obtained from Eq. (4.10). The broken lines represent the +30% bounds

of the prediction value.

The film velocity is low when compared with the bubble velocity (Fouilland ef al., 2010) and
is often taken as zero, with a continuous liquid film of constant thickness surrounding both
the gas bubbles and liquid slugs being assumed (Suo and Griffith, 1964, Warnier et al., 2008).
For a negligible film velocity, the slug length can be estimated from (Eq. 4.11), when the

bubble length is known.

. D eitinia TN
=~

(4.11)

81



Chapter 4: Hydrodynamics of Vertical Taylor Flow

As seen in Figure 4.12, the data from all the visualization studies do not exactly follow
Eq. (4.11), with Lg/Ls systematically exceeding the homogeneous gas-liquid volume ratio,
/(1 —B), on average by 13%. This error arises because Lg is defined simply as the length
of the bubble from nose-top to tail and Lg/Lg does not precisely represent the volume
ratio Vg /Vs. When the volume ratio of the gas bubble and the liquid slug (Vg /Vs) at the core
(assuming a continuous film of constant thickness surrounding both the bubble and slug) was
determined directly from the visualization images such as Figure 4.4 (c¢), we find less than

1% difference between the volume ratio and the ratio of homogeneous volume fractions.

Though deviation (~15% for short bubbles generated in the smallest T-mixer and <10% for
long bubbles generated in the larger T-mixers) arises in the approximation, Lg/Ls = /(1 —
f), the combination of Egs. (4.10) and (4.11) is able to provide a reasonable estimation of the
slug length for a specific homogeneous void fraction, especially for systems with long

bubbles and slugs.
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Figure 4.12: Comparison of the ratio of bubble to slug lengths with g/ (1 — /).
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4.4 Summary

The effects of fluid properties and flow parameters on the flow characteristics of Taylor flow
were investigated experimentally using a 2.00 mm diameter tube in a vertical upward flow
direction. Visualization experiments were conducted for 0.10 m st< Urp< 053 m s!and
0.03 < 8 < 0.90. The Capillary number, an important parameter characterizing the two-phase
flow pattern, was varied over a wide range of values (0.001 < Ca < 0.180) by using three
liquid phases, water (W), 50 wt% ethylene glycol/water mixture (EG/W) and pure ethylene
glycol (EG). Bubble and slug lengths ranging from 1 to 220 tube diameters were studied.

Well-defined Taylor flow with regular bubble and slug lengths was achieved with the present
experimental set-up, as confirmed by the visualization tests. The bubbles and slugs were
created using opposing gas and liquid flow in a T-junction mixer. Mixers of three different
diameters were used to cover the desired range of flow conditions. By careful matching of the
refractive indices of the tube material and the liquid phase, the film between the wall and the
gas bubble was clearly seen in the high quality pictures taken for the ethylene glycol system.
The ratio of the void fraction to the homogenous void fraction (g;/f) was found to be a
decreasing function of the Capillary number and scatter at a given Ca due to the use of
different homogeneous void fractions. The fully-developed film thickness obtained from the
present study agrees well with the literature, with the normalized film thickness increasing

with increasing Ca.

A scaling law, based on the Garstecki approach was modified to allow for differences in
diameter between the mixer and the test section to predict the bubble length. Generally, good
agreement was found between the lengths of the bubbles and modified scaling law, with most
experimental data falling within 30% of the calculated values. For flow for which the
curvature of the bubble caps and tails can be neglected, the corresponding slug length can be
approximated as Lg = Lg(1 — B)/f, as the film velocity is negligible in both the thin and

thick film systems.

Through careful design of the mixing section, stable and reproducible Taylor flow patterns
were achieved. In the next chapter, the heat transfer characteristics for well-characterized

Taylor flow are studied.
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Chapter 5

Heat Transfer of Vertical Taylor Flow

The suitability of the experimental set-up to generate regular Taylor flow which can be
characterised precisely was confirmed in the visualization experiments. Heat transfer
experiments are performed for the same operating conditions as those used in the
visualization tests, with all flow structures studied confirmed to be in the Taylor bubble
regime. With the use of three T-junctions of different internal diameters (TM1 = 2.27 mm,
TM2 = 3.10 mm and TM3 = 4.81 mm), bubbles and slugs of different lengths for the same
mixture velocity (Urp) and homogeneous void fraction () are achieved, and a wide range of
slug lengths (1-220d) is achieved in the conditions studied (0.10 < Urp < 0.53 m s!and 0.03
< f < 0.90). These allow a direct examination of the effect of the slug length on Taylor flow
heat transfer without the interference of effects arise from other flow parameters due to the

use of different Uzp and S.

The film thickness, recirculation size and recirculation time (more details are given in the
next Chapter) which are important parameter governing heat transfer in the non-boiling gas-
liquid Taylor flow are reported to be strongly dependent on the Capillary number (Taylor,
1961, Thulasidas et al., 1997). Therefore, one might expect this group to capture heat transfer
effects arising from these sources. Using the three selected liquid phase fluids, water (W), 50
wt% ethylene glycol/water mixture (EG/W) and pure ethylene glycol (EG), which are of
significant difference in viscosity, a wide range of Capillary number (0.001 < Ca < 0.180)

were achieved to reveal its effect on Taylor flow heat transfer.

The experimental apparatus used to determine the heat transfer rates of vertical upward
Taylor flow in a circular channel (d = 2.00 mm) is a multi-block heating section. The system
design and calibration, data acquisition and data reduction procedures were detailed in
Chapter 3. Recall that, the present experimental arrangement does not correspond strictly to
any standard thermal boundary condition for laminar flow even though the heat flux in each
heating zone is approximately the same. The apparatus does provide accurate pseudo-local
heat transfer coefficients for steady single-phase flow consistent with a constant wall heat
flux thermal boundary condition (Bao, 1995, Bao et al., 2000, Baird, 2001, Liu, 2011). It is in

fact clear that the present apparatus actually provides mean values in pulsatile flow because
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of the temporal integration that its block-wise structure imposes. Nonetheless, the
experimentally determined two-phase heat transfer rates are rather precise and accurate, with

the uncertainty being <15%.

Together with the flow characterization results, a comprehensive study of the dependence of
the heat transfer on slug length, mixture velocity, homogeneous void fraction and fluid
properties is performed. Results obtained for water are presented in Sections 5.1 and

comparison of the heat transfer results for all fluids are made in Section 5.2.

5.1 Multi-block heat transfer results for the nitrogen-water system

Typical results for the wall heat flux (g;), the wall temperature (7,;) and the calculated mean
fluid temperature (73;) and the time-averaged Nusselt numbers (Ny;) of each heating zone
using water as the liquid phase are shown in Figure 5.1. It can be seen that the block-wise
Nusselt number remains almost constant throughout all heating zones except the first one,
indicating thermally fully-developed flow is achieved after the first heating block. In order to
minimize the entrance effects and the uncertainties arising from the end-block effects, the
data for the first and last blocks are not used in subsequent analysis. Thus, the average two-
phase Nusselt number (Nuzp) for the water experiments is determined by averaging the

Nusselt numbers from blocks 2 to 9.
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Figure 5.1: Typical results for (a) the wall heat flux, (b) the mean wall and fluid temperatures

and (c) the Nusselt number of each heating zone at Urp=0.21 ms'l, L=0.5, Lgd=17.46

using the TM2 mixer.
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5.1.1 Effect of mixture velocity

Figure 5.2 (a) shows the variation of the normalized Nusselt number (Nu*) with the mixture
velocity at # ~ 0.5, where the gas-liquid mixtures were generated using the three T-mixers

with different internal bore diameters. The normalized Nusselt number is defined as

Nu
Nu* _ TP

(5.1)

B Nuw

where Nurp is the overall two-phase Nusselt number and Nu, , is the Nusselt number for the
liquid-only, fully-developed flow for constant heat flux boundary conditions, having a value
of 4.364.

According to Figure 5.2 (a), the value of Nu” increases with the mixture velocity. This is not
an effect of slug length, since, for a given T-mixer, the slug lengths are essentially
independent of Urp (Figure 5.2 (b)). The influence of mixture velocity itself, however, is
greatest for the shortest slugs, (Lsy/d ~ 3). While a 61% heat transfer enhancement was noted
for the TM1 mixer as the mixture velocity increased from 0.11 to 0.53 m s, only ~45%

increment was found for the other two mixer systems for this set of experiments.

In earlier computational work, Gupta et al. (2010b) found Nu* ~ 2.5 for short slugs (Ly/d ~ 1,
p = 0.51), independent of Urp in the range 0.3 to 1.0 m s using water as the liquid phase.
They showed that the difference between the wall and the bulk temperature remained almost
the same with an increase in the mixture velocity, leading to an insensitive response of the
Nusselt number to the increasing mixture velocity. The effect of mixture velocity (or
Reynolds number) on nitrogen-water Taylor flow heat transfer was also investigated
computationally by He et al. (2010). They found that the two-phase Nusselt number
increased from 4.7 to 8.0 when the Reynolds number increased from 32 to 390 for flow with
Ly/d ~ 1.6 and f ~ 0.45. Horvath et al. (1973) also showed experimentally that the mean
Nusselt number for the slug is an increasing function of the Reynolds number for 1.6 < Lg/d <
16 and 30 < Rerp < 220. The precise conditions studied by Gupta et al. (2010b) were not
accessible with the current experimental setup and no further comments on the different
trends between flows with very short slugs (Lg/d ~ 1) can be provided. Therefore, this thesis

focuses on longer bubbles obtainable with the T-mixers used in the present study.
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5.1.2 Effect of slug length

In Figure 5.2 (a) it is clear that the Nu™ values for the different mixers are not the same at the
same values of Urp and f. The heat transfer rate is highest when the smallest mixer was used.
These differences are attributed to the different slug lengths produced by the different mixers.
The normalized slug length (Lg/d) obtained for adiabatic conditions is shown in Figure 5.2 (b).
The liquid slugs are significantly longer when bigger mixers are used. For a given mixer, the

slug length is relatively constant for a fixed value of S.

The effect of normalized slug length on the value of Nu* is shown explicitly in Figure 5.3.
The heat transfer enhancement becomes greater for shorter slugs and can be up to 2.90 times
higher than the liquid-only flow at f#=0.5. The present finding is in agreement with the
experimental work reported by Oliver and Wright (1964), Oliver and Yong Hoon (1968),
Horvath et al. (1973) and more recently by Walsh et al. (2610). They all demonstrated
augmentation of the heat transfer rate of up to 2.5-fold for non-boiling Taylor flow, with the

enhancement increasing with decreasing liquid slug lengths.

For 10 < Ca < 102, Thulasidas et al. (1997) showed both theoretically and experimentally
that the fluid in each individual liquid slug recirculates half of a cycle in the time required for
it to travel a distance of twice its length. Therefore, at the same liquid and gas flow rates, the
fluid in a shorter slug will undergo more complete cycles in the heating section when
compared with a longer slug. An increase in radial heat transfer results, as the liquid near the
tube wall is replaced by the cooler liquid from the tube centre at a higher frequency. Since the
slug length is a key parameter in determining the heat transfer performance of Taylor flow, an
understanding of bubble generation mechanisms and having good control of the slug length

become important if this flow regime is used in engineering applications.
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(Nu*) at f ~0.5.

5.1.3 Effect of homogeneous void fraction

The variation of normalized Nusselt number (Nu") and slug length (Lg¢/d) with homogeneous
void fraction (/) at different mixture velocities with gas-liquid mixtures generated using three
different T-mixers is shown in Figure 5.4. The general trends of the heat transfer and slug
length data are similar, regardless of the mixture velocities and/or the mixers used. With
increasing f, Nu" first increases above the limiting value of Nu* = 1 at f = 0 until a
maximum is reached, beyond which Nu" declines steadily towards a gas-only value (Nu*® «
1) as f—1 values. The maximum value of Nu® shifts to a smaller f value when the mixture

velocity increases.

At high f values, Nu” falls below one, as expected due to its approach to gas-only conditions.
However, the effect is more obvious for flows generated with larger mixers which produce

longer liquid slugs and gas bubbles. As seen from the open symbols in Figure 5.4, Lg/d
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decreases monotonically with increasing £ for all mixture velocities - the slug length depends

inversely on Urp at low f values but becomes independent of Urp as S increases.

In Taylor flow, the internal recirculation within the liquid slug promotes radial mixing of the
fluid and hence augments the heat transfer rate, with shorter slugs giving greater
enhancement. Consequently, when the slug length decreases with increasing f, better heat
transfer performance is expected. However, the volume fraction of liquid in a unit cell
decreases with increasing £ and gives poorer heat transfer as the contribution of the gas phase
to heat transfer is negligible (Gupta et al., 2010b). Therefore, the overall heat transfer rate for
gas-liquid Taylor flow is determined by the two different effects: depending on the unit cell
length and the mixture velocity, the heat transfer enhancement attains its maximum value
when 0.1 < # < 0.3. However, as f increases further, the increased heat transfer enhancement
resulting from shorter slugs is offset by the greater liquid flow rate reduction. As a result,
Nu*decreases with increasing /. When the enhancement effect brought about by internal
circulation in the liquid slug is exceeded by the reduction of liquid flux at high g value, the
heat transfer rate falls below the liquid-only laminar flow. Longer liquid slugs behave like
single-phase flows and the heat transfer enhancement brought by internal recirculation is
limited. Therefore, Nu* for the longest slug (TM3) drops below unity at a lower £ value

relative to the corresponding value of £ for shorter slug systems (TM1 and TM?2).
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Figure 5.4: The effect of homogeneous void fraction (f) on the normalized Nusselt number
(Nu*) in solid symbols and slug length (L¢/d) in open symbols (Urp=0.11 m s (®),
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the gas-liquid mixture being generated using the (a) TM1, (b) TM2 and (¢) TM3 mixers.
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5.2 Multi-block heat transfer results for different liquid phase fluids

Typical results for the wall heat flux (g;), the calculated wall temperature (7,,;) and mean
fluid temperature (73;) and the time-averaged Nusselt numbers (Nu,) of each heating zone for
the EG/W and EG systems are shown in Figure 5.5 and 5.6, respectively. It can be seen that
the Nusselt numbers are almost constant throughout blocks 4 to 9, indicating thermally fully-
developed flow is achieved. The high values of the Nusselt number for the first few blocks
are attributed to the entrance effect, while the fall of the Nusselt number at block 10 is due to
the uncertainties arising from the end-block effect. It is worth mentioning that the long
development length was not found in the heat transfer experiments using water as the liquid
phase, where thermally fully-developed flow was generally achieved after the first heating
block, as seen in Figure 5.1. Walsh et al. (2010) studied air-water Taylor flow heat transfer
rates for various slug length-to-diameter ratios (1.6 < Lg/d < 14) and identified a thermal
entrance region of about one slug length. However, our results suggest that the length of
development can be longer in some cases (e.g. the cases presented in Figure 5.5 and 5.6, for
which the slug length was 7.8d and 6.0d, respectively, but 3-block lengths (~ 40d) were
required for the flow to become thermally fully-developed). In this thesis we focus on fully-
developed heat transfer. To obtain the fully-developed heat transfer rate for the EG/W and
EG systems, the average two-phase Nusselt numbers (Nurp) are determined by averaging the

Nusselt numbers for blocks 4 to 9.

93



Chapter 5: Heat Transfer of Vertical Taylor Flow

-
o

(a) .

£ -] o
®
®
®
®

Block Heat Flux, gj (kW m™2)
N
[ ]

(b) 38 -

36 - [ ®

32 1 ) o °

_ O
30 o

Temperature (°C)
®
(@]

26 o)
24 1

© 14

- -
o N
1 1

®

Local Nusselt Number, Nu;
[+

o T T T T T
0 2 4 6 8 10

Block No.

Figure 5.5: Typical results for (a) the wall heat flux, (b) the mean wall and fluid temperatures
and (c) Nusselt number of each heating section at Urp = 0.21 m S'I, =049, Lyd = 7.81
using EG/W as the liquid phase and the TM2 mixer.
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5.2.1 Parametric study

Comparisons of the dependence of Nu™ on various parameters including the mixture velocity
(Urp), normalized slug length (Lg/d) and homogeneous void fraction (f), for the W, EG/'W
and EG systems are made in Figures 5.7, 5.8, and 5.9, where it is seen that similar trends are

observed for each of the fluids.

Figure 5.7 (a) shows the variations of the normalized Nusselt number with the mixture
velocity for all fluids. Though the value of Nu” is found to increase with the mixture velocity
for all systems, the increasing trend for the EG/W system is not as pronounced as that for the
other two systems. The heat transfer enhancement for the W, EG/W and EG are 45%, 20%

and 55%, respectively, as the mixture velocity increased from ~0.10 to ~0.42 m s,

As seen in Figure 5.7 (b), the variations of normalized slug lengths with mixture velocity are
slightly different in trends. While the slug lengths for W system remain relatively constant for
the mixture velocities studied, the value of Lg/d for EG decreases and that of EG/W slightly
increases with increasing mixture velocity. The value of Nu* was found to increase with
increasing mixture velocity and decreasing slug length in the water experiments, as discussed
in Section 5.1. Therefore, the slight increase in slug length for the EG/W system may
somehow offset the enhancement brought by the increasing mixture velocity and results a
less significant effect of Urp. Opposite to the EG/W system, the slug lengths obtained from
the EG system decrease with increasing Urp which may reinforce the heat transfer

enhancement at higher mixture velocity.
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Figure 5.7: Comparisons of the dependence of (a) the normalized Nusselt number and (b)
normalized slug length on mixture velocity (ff ~ 0.5). The error bars represent one standard

deviation of three replicates.

The effect of slug length on Taylor flow heat transfer of different fluid systems are compared
in Figure 5.8. It is apparent that the heat transfer enhancement increases with decreasing
liquid slug length for all fluids for both conditions studied, which is consistent with the

resulted reported in the literature (Oliver and Young Hoon, 1968, Horvath et al., 1973, Walsh
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et al., 2010). However, the degree of enhancement for EG/W and EG systems is noticeably
lower than that observed in the W experiments. For the longest slug flow using EG as the
liquid phase at Urp ~ 0.21, the heat transfer rate falls below that of the single-phase fully-
developed laminar flow, indicating the heat transfer enhancement brought by the recirculation

offset by the reduction of liquid flux.
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slug length for (a) Urp~ 0.21 m 5 p~0.5 and (b) Urp~ 042 m g f ~ 0.5. The error bars
represent the standard deviation of three replicates.
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Figure 5.9 shows the variation of normalized Nusselt number (Nu*) and slug length (Lg/d)
with homogeneous void fraction () at Urp ~ 0.21 m s™ with gas-liquid mixtures generated
using three different T-mixers. The general trends of the heat transfer and slug length data are
similar, regardless of the mixers and/or the fluids used. It is noted that Nu™ first increases
with S to values above the limiting value of Nu* = 1 at f=0 until a maximum point is
reached, beyond which it declines steadily towards a gas-only value as f—1. In addition to
the unit cell length and mixture velocity identified in the heat transfer experiments using
water as the liquid phase, the value of f for the maximum heat transfer rate is also found to

vary between 0.1 < f < 0.3, depending on the fluid used.

At high f values, Nu" falls below one, as expected due to its approach to gas-only conditions.
The effect is more obvious for flows generated with larger mixers which produce longer

liquid slugs and gas bubbles and using EG as the liquid phase.
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For most of the studied conditions, the normalized Nusselt number is higher than 1, with the
specific value of Nu* dependent on the operating parameters as well as the fluid used. It is
noted that the order of heat transfer augmentation is always W > EG/W > EG for flow with
similar mixture velocity and homogeneous void fraction and slug length. A larger difference
in Nu* among the three systems is observed at low values of # and the greatest heat transfer

enhancement factors are 3.2, 2.3, 1.6, respectively, for the conditions studied here.

According to Thulasidas et al. (1997), the time for a half recirculation cycle of fluid in the
slug is that for the slug to travel a distance of twice its length for flow with 10*< Ca < 102,
while for flow with a larger Capillary number, this time increases sharply and becomes
infinity for Capillary numbers beyond a certain value, for which bypass flow occurs. For
instance at Urp ~ 0.21 m s'l, the value of Ca for W, EG/W and EG are 0.003, 0.014 and 0.073,
respectively. Therefore, for slugs of the same length moving at the same velocity, the
recirculation time will follow the order W < EG/W < EG. Alternatively, the fluid in the water
slug will undergo the highest number of complete recirculation cycles in the heating section,
followed by the EG/W and then the EG slugs. An increase in radial heat transfer for the water

system, therefore, results to give more effective heat transfer.

In addition to the difference in recirculation frequency, the order of heat transfer
enhancement is in fact in the opposite trend of the thickness of the film surrounding the
bubble. Oliver and Wright (1964) also reported that the heat transfer enhancement brought by
Taylor flow decreased with increasing film thickness. Also, the recirculation size was
reported to decrease with increasing Ca (Thulasidas et al. 1997). Due to the reduction of
recirculating fluid, the efficiency for the slug to carry heat away from the wall may reduce

and hence a lower overall heat transfer rate.

5.3 Summary

Systematic heat transfer experiments for constant wall heat flux boundary conditions were
performed using a 2.00 mm diameter tube with fluids flowing in a vertical upward direction.
Three liquid phase fluids, water, ethylene glycol/water mixture and ethylene glycol were
employed to achieve a wide range of Capillary numbers (0.001 < Ca < 0.180) and Reynolds
numbers (10 < Rerp < 1100). With the three T-junction mixers of different internal diameters

used here, the slug lengths were able to be varied from 1 to 220 tube diameters.
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A multi-block heating section was employed to investigate the dependencies of the heat
transfer rate on the slug length, mixture velocity, homogenous void fraction and fluid

properties for flows which were well-characterized. The results are summarized as follows:

1. For flows of similar slug length and homogeneous void fraction, the two-phase Nusselt
number increases with the mixture velocity for all fluid systems. The influence of mixture

velocity is found to be the greatest for the shortest slugs.

2. Heat transfer enhancement brought about by Taylor flow is more pronounced for flow
with shorter slugs, as the number of complete cycles of liquid recirculation in the same

heating length increases with decreasing slug length.

3. The overall heat transfer rate for gas-liquid Taylor flow is determined by two different
effects: (1) heat transfer enhancement due to the internal recirculation within the liquid
slug and (2) thermal mass reduction due to the presence of the gas phase in a unit cell.
Therefore, the heat transfer enhancement was found to attain a maximum value when 0.1
< f < 0.3, depending on the unit cell length, the mixture velocity and the liquid phase
fluid.

4. The overall heat transfer rate is found to be a strong function of fluid properties. For
similar mixture velocity and homogeneous void fraction and slug length, the order of heat

transfer augmentation is always found to be W > EG/W > EG.

The dependence of the thermal characteristics of Taylor flow on flow parameters, including
the mixture velocity, slug length, homogeneous void fraction and fluid properties, is
recognized. In the next chapter, the effects of these parameters are characterized and
correlations to predict the heat transfer rates of gas-liquid Taylor flow are deduced from these

experimental data.
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Chapter 6
Modelling of Taylor Flow Heat Transfer

Due to the introduction of gas, the flow characteristics of Taylor flow differ significantly
from their single-phase counterparts. The periodic passage of bubbles and slugs that occurs in
Taylor flow has led many authors to invoke the Graetz number, Gz = Re - Pr - (d/L), which
is used for single-phase laminar flow thermal-development, to characterise heat transfer in
the slug region. However, there is confusion as to whether the characteristic length in the
Taylor flow case should be the total length from the entrance or the slug length. A brief
review of the current understanding of the dependence of Taylor flow heat transfer
enhancement on the flow characteristics was provided in Chapter 2. Although various two-
phase heat transfer models have been proposed, the underlying heat transfer mechanisms,
knowledge of which is essential for optimal process design and control of micro-systems, are

not yet fully understood.

In Chapters 4 and 5, the hydrodynamics and heat transfer characteristics of vertical upward
gas-liquid Taylor flow in a d = 2.00 mm channel were discussed. The effects of inlet
geometries, operating conditions (mixture velocity and homogeneous void fraction) and the
fluid properties on the flow structures were noted. Heat transfer of Taylor flow was found to
be strongly dependent upon the flow pattern, including the slug length, volume fraction
occupied by the liquid slug and thickness of the film surrounding the bubble which depend on
the operating conditions, as well as the properties of the liquid phase fluids. The maximum
Nusselt number for Taylor flow obtained in the present study is 3.2 times higher than that of

the single-phase fully-developed laminar flow.

In this chapter, a detailed analysis based on the comprehensive set of data collected in this
study using the multi-block heating system is performed to understand the underlying
physical mechanisms governing the heat transfer behaviour for Taylor flow in microchannels.
Possible heat transfer pathways are discussed in Section 6.1. In Section 6.2, a semi-empirical
correlation is first derived based on the results obtained from the nitrogen-water experiments.
The validity of the model for describing data in the literature and experimental results for
other fluid systems obtained in this study is justified in Section 6.3 and the development of a

model for general application is presented in Section 6.4.
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6.1 Heat transfer mechanisms

The flow structure of the gas-liquid Taylor flow regime in microchannels is characterized by
its high uniformity — gas bubbles and liquid slugs of almost constant length enter the system
at a constant frequency. Heat transferred from the wall in Taylor flow, as a result, goes
alternately to the bubble and slug regions as a succession of bubble and slug passes through
the system. Due to the high periodicity of such flow structure, heat transfer analysis of Taylor
flow is usually done based on a unit cell consisting of a gas bubble surrounded by a thin

liquid film and a liquid slug, highlighted in the blue box in Figure 6.1.

Figure 6.1: Schematic of Taylor flow with the blue box highlighting a unit cell which
consists of a gas bubble and a liquid slug. The red arrows indicating possible heat transfer
pathways: (1) heat transfer from the wall to the film around the bubble, (2) transfer of heat
accumulated in the liquid film to the liquid slug and (3) heat transfer from the wall to the film
and slug in the slug region.
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At low pressures, the mass flow of gas is generally very much less than the mass flow of
liquid, and when the liquid film is thin, the liquid mass flow contribution in the bubble region
is only a small fraction of the total liquid flow. Even for systems with considerable film
thickness, the bubble film is effectively stagnant as discussed in Chapter 4. Therefore, most
of the heat transferred to the two-phase system is carried in the slugs. However, when the
film in the bubble region comprises a significant fraction of the wall area in a unit cell and the
subsequent fate of the energy deposited there must be considered — Gupta et al. (2010)
showed computationally that only a tiny amount of heat is transferred from the liquid film
surrounding the gas bubble to the gas bubble itself and this can be neglected in a heat
balance — in essence, thermal energy transfer to the wall film in the bubble region is
accumulated there until the slow-moving film is overtaken by the next slug. He et al. (2010)
also showed in their computational results that most heat from the wall was transferred to the

slug region due to the negligible contribution of the gas phase to heat transfer.

The role played by the bubble film in the overall heat transfer phenomenon in Taylor flow is
depicted schematically in Figure 6.1, which shows the various heat flows: (1) heat transfer
from the wall to the bubble film, where it accumulates until the passage of the next slug; (2)
heat transfer from the bubble film to the liquid slug, and (3) heat transfer from the wall to the
recirculating slug. If there is a constant wall temperature imposed on the system, the energy
accumulated in the bubble film is usually negligible overall and processes (1) and (2) are
unlikely to be important. However, this will not generally be the case when a constant wall
heat flux is imposed because the energy deposited even in a thin film is a significant fraction
of the total. Mechanism (3) is then always important, regardless of the boundary conditions

imposed.

Since most of the heat is carried by the liquid slug for gas-liquid Taylor flow, a reduction of
the liquid flux/liquid contact area resulted from the introduction of gas may lead to poorer
heat transfer. However, it has been shown that the heat transfer rate for Taylor flow can be up
to 2-3 times higher than that of the single-phase fully-developed laminar flow, depending on
the flow characteristics (Oliver and Wright, 1964, Oliver and Young Hoon, 1968, Betz and
Attinger, 2010, Gupta et al., 2010, He et al., 2010, Walsh et al., 2010). Therefore, there must
be some mechanisms to overcome the effect of liquid flux/liquid contact area reduction and

to augment the heat transfer rate for Taylor flow.
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Two possible mechanisms were identified in the past to be responsible for the heat transfer

enhancement:

(1) Internal recirculation within the liquid slug (in a reference frame moving with the
bubble). The liquid circulation promotes radial fluid mixing effectively -~ hot liquid
near the wall is transported to the core at the bubble nose while cooler fluid at the

tube centre moves to the wall near the bubble tail of previous bubble.

(2) Modification of the velocity profile inside the liquid slug due to the presence of gas
bubbles. The velocity profile for each slug is developing from a relatively flat profile
in front of the bubble nose to a parabolic profile in the middle of the slug for

sufficiently long slugs.

The above heat transfer mechanisms for Taylor flow in microchannels can be examined
through the development of some simple models using the experimental data collected in this
study, as well as existing data in the literature. Before doing so, the available correlations for
the prediction of Taylor flow heat transfer presented in Chapter 2 are summarized in Table
6.1. No general form is noted among these correlations and most of them are rather empirical
and therefore provide little insight in the enhancement mechanisms of Taylor flow heat
transfer. Therefore, a model derived based on the underlying heat transfer mechanisms over a

wide range of operating conditions is required for general applications.
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6.2 Heat transfer correlation for nitrogen-water system

For most Taylor flow heat transfer studies (Fukagata et al., 2007, Lakehal et al., 2008,
Narayanan and Lakehal, 2008, Betz and Attinger, 2010, Gupta et al., 2010, He et al., 2010,
Walsh et al., 2010), water was used as the liquid phase, as it offers high cooling capabilities
due to its high specific heat capacity, and it has low vapour pressure where evaporation of
liquid can be generally neglected for the conditions studied. Also, two-phase flow with water
has been considered as an important option for system cooling for systems operating at
temperatures lower than the saturation temperature of water (Bar Cohen et al, 1995).
Therefore, nitrogen-water Taylor flow was first studied due to its industrial importance and a

heat transfer model was developed based on the water experimental data.

Recall that heat is continuously transferred from the wall to the fluid adjacent to a bubble and
a slug alternately as a unit cell passes through the system. In the bubble region, where heat
transfer occurs primarily via the thin liquid film, the local Nusselt number is very high
(Lakehal et al., 2008, Narayanan and Lakehal, 2008, Gupta et al., 2010) as the temperatures
of the wall film and the gas bubble approach quickly that of the wall. Since the heat transfer
coefficient of the thin wall film is very high, there is negligible resistance to heat transfer here
and the overall heat transfer coefficient (hyp) is just that arising in the slug where the contact

surface with the wall/liquid film has an area proportional to Lg/Ly¢

Lg
hrp ~ ‘L_ hs (6.1)
uc

where hg is the heat transfer coefficient in the liquid slug region. Normalization of the two-
phase Nusselt number by the percentage of the area covered by the liquid slugs (1 — f),
which approximately equals Lg/Lyc for systems with a thin film, was also suggested by

Horvath et al. (1973), Walsh et al. (2010) and Muzychka et al. (2011).

As confirmed by both computational (Fukagata et al., 2007, Lakehal et al., 2008, Gupta et al.,
2010) and experimental results (Thulasidas et al., 1997), the velocity profile within a slug
develops from a relatively flat profile from the bubble front to a parabolic profile in the
middle of a sufficiently-long slug. It has been suggested that this flow development can be

likened quantitatively to developing laminar pipe flows, and that the heat transfer rates can
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likewise be compared with thermally-developing flows (Kreutzer et al., 2001). Despite the
apparent similarity, however, there are profound differences between the development of the
slug velocity and temperature profiles and the corresponding processes in single-phase tube
flow. These differences include the existence of the characteristic recirculation zone (in the
frame of reference moving with the bubble) and the mixing of the thermal energy contained
in the bubble film when the film is overtaken by the slug. Such differences are most
significant with shorter slugs but, even with long slugs in which a parabolic velocity profile is
reached in the body of the slug, the analogy with pipe flow breaks down again closer to the
trailing bubble.

While quantitative comparison with developing laminar pipe flow is not appropriate, there is
no doubt that the flow and heat transfer behaviour in the slug remains a hydrodynamically
and thermally developing laminar flow. It is therefore appropriate that heat transfer in Taylor
flow should be characterised by a Graetz number as has been proposed in the past. However,
it 1s also clear that the characteristic length should be the slug length, rather than the total
heating length from the entrance. Therefore, results obtained from experiments using water as
the liquid phase have been examined for slug heat transfer (calculated from the experimental
results as Nuy» = Nugp * Lyc/Ls, see Eq. (6.1)) in terms of the dimensionless slug length, or

inversed Graetz number

L* _— LS
S _ReTp'PT'd

(6.2)
As shown in Figure 6.2, a very good correlation is observed between Nu;+ and Ly in this set
of data. The theoretical mean Nusselt numbers for thermally developing single-phase laminar
flows for the constant wall heat flux boundary condition (Nugy) is also compared with the
experimental data in Figure 6.2, as our multi-block heating system provides mean values in
Taylor flow rather than local heat transfer coefficients as it does for steady single-phase flow.
For flows away from the limiting cases Ly —» 0 and Lg — oo, the data follow the

characteristic line of the theoretical length-mean heat transfer coefficient closely and hence a

trend Nuy « 1/ L;l/ 3 is observed. Therefore, a Hausen-type expression taking the limit for
Ls — oo as the value for fully-developed single-phase laminar flow with constant wall heat

flux (Nupo = 4.364) is used to correlate the data
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Cq
Nuy = Nuyp + ———— (6.3)
‘ T

where the values of the constants are found by least-squares fitting to be ¢; = 0.29 and ¢, =
0.15. Good agreement is achieved between the experimental results and the prediction as is
apparent in Figure 6.2, with most of the experimental data falling within +20% of this

correlation.
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Figure 6.2: Comparison of experimental data obtained from the water experiments with the
correlation proposed in Eq. (6.3) for Taylor flow heat transfer and the theoretical length-mean
heat transfer coefficient for thermally developing single-phase laminar flow for constant wall

heat flux boundary condition (Nuy, ).
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6.3 Validity of the nitrogen-water model for general applications

The suitability of applying the correlation derived based on water experiments for general
applications can be justified through comparison of data in the literature, as well as results

obtained from other working fluids used in this study, with Eq. (6.3).

6.3.1 Comparisons with data and correlations in the literature

Experimental and computational Taylor flow heat transfer results from the literature are
compared with Eq. (6.3) in Figure 6.3. The correlation generally over-predicts the
experimental data of Oliver and Young Hoon (1968) and Horvath et al. (1973), and the
numerical results of Lakehal et al. (2008), which were obtained with constant wall
temperature boundary conditions rather than with constant heat flux as in the current
experiments and in the development of Eq. (6.3). The average absolute difference between

the literature data and Eq. (6.3) is ~ 16%.

For experiments (Walsh er al., 2010) and simulations (Gupta et al., 2010, He et al., 2010)
performed with constant wall heat flux conditions, most of the heat transfer data scatter
+20% of the proposed correlation, Eq. (6.3). However, more significant differences are
observed between the predicted values and the computational data of Gupta et al. (2010) for
short slugs (Ls¢/d ~ 1, § = 0.51) and higher mixture velocities (0.7-1.0 m s™') — the value of Ly
decreases with increasing mixture velocity but the heat transfer enhancement was found to be
independent of mixture velocity in the simulation results. These precise conditions were not
accessible with the current experimental setup so caution should be used in applying Eq. (6.3)

to short bubbles, especially at high velocities.

The correlation of Kreutzer ez al. (2001) (Eq. 2.10) is also presented in Figure 6.3. It can be
seen that Eq. (2.10) over-predicts almost all the existing data and it levels off at a much
smaller L value, compared with Eq. (6.3) and laminar developing flows. Moreover, the
plateau value (~20) for Eq. (2.10) is significantly higher than that for fully-developed single-
phase laminar flow with constant wall heat flux (Nuro = 4.364) which is expected for flows

with very long slugs.
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Figure 6.3: Comparison of data in the literature for the apparent slug Nusselt number (Nu;)
with the correlation given in Eq. (6.3) for Taylor flow heat transfer derived based on data

obtained from water-nitrogen experiments.

Muzychka et al. (2011) reanalysed the existing Taylor flow heat transfer data in the literature
for both constant wall temperature (Oliver and Young Hoon, 1968, Horvath er al., 1973,
Vrentas et al., 1978, Narayanan and Lakehal, 2008) and constant wall heat flux (Walsh et al.,
2010) boundary conditions and demonstrated an excellent correlation between the mean slug
Nusselt number (Nu,- = Nuyp/(1—pf)) and L. They showed that the constant wall
temperature heat transfer data followed the theoretical Graetz solution for the mean Nusselt
number for thermally developing single-phase laminar flow with a small root mean square
(rms) error of 10-15% and a larger rms error (24%) was noted when data obtained from a
constant wall heat flux study (Walsh et al., 2010) were included in their analysis. Figure 6.3
also shows the theoretical mean Nusselt numbers for thermally developing single-phase

laminar flows for the constant wall heat flux (Nu,y) and the constant wall temperature
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boundary conditions (Nup, ). It is noted that the experimental and computational results in
the literature, as well as Eq. (6.3) derived based on results obtained from water experiments
in the present study correspond closely to the length-mean heat transfer coefficient for their
respective thermal boundary conditions. Gupta et al. (2010) found computationally that for
Taylor flow a constant wall temperature boundary condition is accompanied by a decrease of
approximately 15% in the slug heat transfer coefficient relative to the constant wall heat flux
condition, which is consistent with the trends for single-phase developing flow, and with the

differences between our results and the analysis of Muzychka et al. (2011).

6.3.2 Comparisons with results from the other two working fluids

As seen in Figure 6.2, there is little doubt that Eq. (6.3) is able to give a reasonable prediction
of the heat transfer rate for Taylor flow when water is used as the liquid phase for constant
wall heat flux conditions. However, Eq. (6.3) generally over-predicts the experimental data
reported by Oliver and Young Hoon (1968) and Horvath et al. (1973), according to Figure
6.3. Apart from the difference in the boundary conditions imposed, the use of liquid phase
fluids other than water may also attribute to the deviation of their results from ours. The
dependence of flow characteristics and heat transfer rates on the liquid phase fluids has been
demonstrated clearly in Chapter 4 and 5. For flow with a similar mixture velocity,
homogeneous void fraction and slug length, the order of heat transfer augmentation is found
to be W > EG/W > EG. Therefore, the applicability of Eq. (6.3) to predict the heat transfer in

Taylor flow for fluid systems apart from water system is of concern.

Figure 6.4 shows the variation of the apparent slug Nusselt number (Nu;) with the
dimensionless slug length (L) for all the fluid systems (W, EG/W and EG) used in this study.
For comparison, Figure 6.4 also shows the theoretical mean Nusselt numbers for thermally
developing single-phase laminar flows for the constant wall heat flux boundary condition
(Numn), as well as the correlation derived based on the water experiments (Eq. 6.3). It is
apparent that the theoretical result, which Eq. (6.3) corresponds closely to, does not provide
an accurate description for all fluids. Instead of falling on the characteristic line for the mean
Nusselt numbers, experimental data for individual fluids follow the general form for heat
transfer in developing laminar flow, but with Nu;+ = f(Ls) specific to each fluid and always

appearing to converge to the same asymptotic limit for sufficiently large values of L.
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Figure 6.4: Comparison of experimental data obtained for the EG system with the theoretical
length-mean heat transfer coefficient for thermally developing single-phase laminar flow for

constant wall heat flux boundary condition (Nuy, ) and Eq. (6.3).

The analogy between slug heat transfer and thermal entrance effects in single-phase flow
appears very strong. However, there remain some underlying points requiring further
consideration. In the first instance, it is noted that while the analogy implies that the heat
transfer profile is developing throughout the length of the slug from the front (behind the
leading bubble) to the rear (ahead of the nose of the following bubble), the flow at the rear of
a slug also has a strong radial component that will break up the thermal boundary layer that
has developed. Therefore, equating the developing flow length to the slug length cannot be
exact. Based on the observations in Figure 6.4, it can be concluded that the analogy between
Taylor flow slug heat transfer and developing laminar flow is incomplete. The roles played
by the film surrounding the bubble, as well as the effect of internal recirculation inside the
liquid slug could also be important on Taylor flow heat transfer. Therefore, re-examination of
the heat transfer mechanisms is required to develop a Taylor flow heat transfer correlation for

general applications.
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6.4 Development of a model for general applications

The possible heat transfer pathways were indicated in Figure 6.1. As discussed in Section 6.1,
energy is deposited in both the liquid film and the slug when a constant wall heat flux is
imposed. Since the bubble film is effectively stagnant, the subsequent fate of the energy
accumulated there must be considered. To understand the underlying mechanisms governing
Taylor flow heat transfer, the interaction of the bubble film with the overtaking slug and heat

transfer directly from the wall to the recirculating slug are investigated in detail below.

The flow pattern in the slug region, which can be expected to influence the apparent heat
transfer coefficient for that region, is well known to depend on the fluid properties as
expressed in terms of the Capillary number, Ca. Primarily, the dimensionless thickness of the
bubble film increases with increasing Ca, as expressed in Eqs (4.6) and (4.7). This effect is
accompanied by a decrease in the size and intensity of the recirculation zone that arises in the
slug when viewed in a frame of reference moving with the bubble. Oliver and Wright (1964)
observed that the heat transfer enhancement brought by Taylor flow decreased with
increasing film thickness. Thulasidas et al. (1997) found that a smaller, slower recirculation
zone accompanied thicker films, leading to less intensive transport of hot fluid from region
near the wall to the tube centre. This picture is also clear in recent CFD simulations

(Fukagata et al., 2007, Lakehal et al., 2008, Gupta et al., 2010).

6.4.1 Size and efficiency of recirculation inside the liquid slug

The velocity profile within a slug develops from a relatively flat profile at the bubble nose to
a parabolic profile in the middle for a sufficiently-long slug (Thulasidas et al., 1997, Kreutzer
et al., 2001, Fukagata et al., 2007, Lakehal et al., 2008, Gupta et al., 2010). Following
Thulasidas et al. (1997), the velocity profile for a sufficiently long liquid slug is simply that

for fully-developed pipe flow in a frame of reference moving with the bubble

v(r) = 2Unp (1 _ (%)2) _ U, (6.4)

where v(r) is the relative velocity inside the liquid slug; r and R are the radial position and
radius of the channel, respectively. It is important to note here that the average velocity at any
cross-section of the channel is the sum of the gas and liquid superficial velocities (Urp) (Suo

and Griffith, 1964). For Uy < 2Uyp, there must be a radial position, 1y, where v(r) is zero
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R U
2 B

Th=—7= |2~
V2 Urp

(6.5)

Furthermore, there is a radial position, ry, dividing the closed-streamlines in the recirculation
zone from the open-streamlines in the film layer. Since the liquid is recirculating inside the
dividing streamline (r < 7y), the net axial volumetric flow inside the dividing streamline

must be zero

fo " o [ZUTP (1 - (%)2) —~ UB] dr =0 (6.6)

from which:

LB
= 7
UTP

The radial positions of the recirculation centre, ry, and the dividing streamline, 1y, separating
the recirculation zone from the wall film layer are shown in Figure 6.5. From Eqgs. (6.5) and
(6.7), both ry and r; are functions of the velocity ratio only, and therefore, in the absence of

inertial and gravitational effects, of Ca only.
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Figure 6.5: Schematic of the recirculation zone inside the slug and the radial locations of the

recirculation centre, ry, dividing streamline r; and gas/liquid interface rg.

The slug recirculation zone impacts on the heat transfer process in the slug through
interaction with the wall film. In the frame of reference moving with the bubble, the bubble
film flows into the head of the slug with velocity Up— Uz ~ — Up through the annular
bubble film of thickness &, expanding to thickness R — r; before contracting again to leave
at the back of the slug. The recirculation flow rate relative to the wall film flow rate provides
an indication of how well the energy in the wall film can be distributed to the bulk. A
Recirculation number, ¢, which compares the recirculation flow rate and the bypass flow rate

in the liquid film is defined as
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_Ugy?
=( UBUTP) (6.8)
4(U—T,,“ )

Figure 6.6 shows the variation of the radial positions of the recirculation centre, 7, the

T 7\2
_ | flowraterecirc | Jo’ 2mr [ZUTP (1 - (ﬁ) ) - UB] dr
- - 2
ﬂowratebypassl f:j 2nr [ZUTP (1 - (—;%) ) — UB] dr

dividing streamline, 77, and the gas-liquid interface in the fully-developed film region,
1w = R — &F, and the Recirculation number, ¢, with the Capillary number (Ca). The velocity
ratio (Up/Urp) in Eq. (6.8) is estimated using Egs. (4.5) and (4.6), with the calculated value at
the corresponding Capillary number also shown in Figure 6.6. It can be clearly seen that the
size of the recirculation zone decreases (decreasing values of g, 1) with increasing Up/Urp
and disappears when the value of Up/Urp reaches two. The shrinkage of the recirculation
zone with increasing Ca was also reported experimentally (Thulasidas et al., 1997),
analytically (Taylor, 1961, Giavedoni and Saita, 1997), and computationally (Edvinsson and
Irandoust, 1996, Feng, 2009). As Ca increases, the Recirculation number decreases
exponentially from infinity at Ca = 0, where there is no film separating the bubble from the
wall and the recirculation zone covers the whole liquid slug (r; = rr = R), to a value of zero
when the recirculation zone disappears (r; = 0). For the present study, the Recirculation
number follows the order, W > EG/W > EG, which is in accordance with the increasing

Capillary number of the working fluids.
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Figure 6.6: Locations of the recirculation centre, ry, and dividing streamline, r;, and the gas-
liquid interface in the fully-developed film region, rr, and the Recirculation number, @, as a
function of the Capillary number and velocity ratio (Up/Urp) estimated using Eqs. (4.5) and
(4.6).

6.4.2 General model for Taylor flow heat transfer

From Figure 6.4 it can be noted that the apparent slug Nusselt number (Nu;) tends to a limit
with increasing dimensionless slug length, which is apparently close to the value for fully-
developed, single-phase laminar flow (Nu;,) when L — oo. A combination of the influences
of the dimensionless slug length (Lg) and the flow pattern in the slug region, which can be
expressed in terms of the Capillary number (Ca), an empirical correlation for the heat transfer

to the liquid slug is suggested as

Nuj = Nuyo + c3(Ls)P(Ca)? (6.9)
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where the values of the constant c¢3, and exponents p and ¢ are determined by least-squares
fitting to be ¢3 = 0.13, p = —0.46 and g = —0.30. The exponent on L§ is consistent with
expectations for developing laminar flow while that on Ca indicates the enhancing effect of
having stronger recirculation at lower values of Ca. Figure 6.7 compares the experimental
data with the correlation and a good agreement is achieved, with the broken lines indicating a
95% confidence interval for a relative standard deviation of 14%. Extrapolation of Eq. (6.9)
to large Ca and/or Lg values is probably safe, but applying it to flows with very short slugs

(Ls < 10™*) or very low Capillary numbers (Ca < 1073) should be treated with care.
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Figure 6.7: Comparisons of the apparent slug Nusselt number between the experimental data

and the predicted values obtained from Eq. (6.9).
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6.5 Summary

Three physical mechanisms governing the heat transfer of Taylor flow were suggested.
Depending upon the wall boundary conditions imposed on the system, under thermally fully-
developed conditions the bubble film plays different thermal roles: largely irrelevant for a
constant wall temperature boundary but a significant energy storage region for a constant
wall heat flux boundary, with that energy being taken up by mixing with the overtaking slug.
Regardless of the boundary condition, heat transfer is controlled mainly by the slug region,
with the overall heat transfer coefficient being that for the slug multiplied by the fraction of

the tube occupied by the slug.

Due to the high popularity and potential for industrial use of water as the liquid phase for
Taylor flow heat transfer, a correlation was first developed based on experimental data
obtained for the water system. The flow in the slug region is a developing laminar flow and
the slug heat transfer coefficient (Nu; = NugpLyc/Ls) is found to be well correlated by a
dimensionless slug length equivalent to an inverse Graetz number based on the slug length
(Ls = Lg/(Regp * Pr - d)). As the slug heat transfer coefficient is found to follow closely with
the theoretical mean Nusselt numbers for thermally developing laminar pipe flow, a Hausen-
type correlation successfully describes the data, with most experimental data from the

literature and from this work falling within 20% of the proposed model.

The validity of the correlation for general application was examined through comparisons
with existing data in the literature for both constant wall heat flux and constant wall
temperature boundary conditions, as well as with heat transfer data collected in this study
using other liquid phase fluids. It is suggested that a constant wall temperature boundary
condition is accompanied by a decrease of approximately 15% in the slug heat transfer
coefficient relative to the constant wall heat flux condition. The correlation developed based
only on results using water as the liquid phase was apparently not providing an accurate
description for other fluids. Nonetheless, it is found that the result for individual fluid follows
the general form for heat transfer in developing laminar flow, with Nu;» = f(Lg) specific to

each fluid.

When a constant wall heat flux is imposed on the system, interactions between the bubble
film and the recirculating flow in the slug and heat transfer from the wall in the slug region

depend strongly on the flow pattern in that region. The size of the recirculation zone and the
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recirculation efficiency, which are important parameters for Taylor flow heat transfer, are

found to be strong functions of the Capillary number.

Taking account of all of the identified important dimensionless groups, including the
apparent slug Nusselt number, the dimensionless slug length and the Capillary number, an
empirical correlation (Eq. 6.9) was proposed for the heat transfer of Taylor flow. Good
agreement between the experimental data and the correlation was achieved, as indicated by

the small relative standard deviation (14%).
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Chapter 7

Taylor Flow in Horizontal Microchannels

As the channel size is reduced to the millimetre scale, the surface tension force becomes more
important than the gravitational force and limited gravitational effects have been observed in
previous experimental studies (Triplett et al., 1999a, Waelchli and von Rohr, 2006).
Therefore, a significant number of CFD simulation studies of the hydrodynamics, mass and
heat transfer characteristics of Taylor flow in microchannels are based on the assumption of
two-dimensional, axisymmetric flow (Kreutzer et al., 2001, Taha and Cui, 2004, Akbar and
Ghiaasiaan, 2006, Gupta et al., 2010b). As discussed in the literature review presented in
Chapter 2, however, a few recent analytical, numerical and experimental results have shown
that the gravitational force can play a role in Taylor flow in millimetre-size horizontal

channels for certain flow conditions.

Han and Shikazono (2009) reported experimentally that the liquid film thickness at the
bottom immediately after the transition region was greater than that at the side by 5% or more
in a 1.3 mm channel (Bo ~ 1.9, Ca < 0.4), but no significant difference was observed in a
0.3 mm channel (Bo ~ 0.1, Ca < 0.4). Gupta et al. (2010c) also showed experimentally and
computationally that the bubble shapes were asymmetric for flow in a ~2 mm horizontal
channel under the conditions they studied (Bo ~ 0.915, 0.024 < Ca < 0.262 and 8 < Rerp <
80). They further reported a drianage flow from the channel top to the bottom, causing
gradual changes in the thicknesses of the top and bottom films which gave rise to bubble
asymmetry. Recently, Grotberg and co-workers (Suresh and Grotberg, 2005, Zheng et al.,
2007) demonstrated bubble shape distortions and flow interactions between the upper and
lower regions about the channel axis for horizontal flow with non-negligible gravitational

effect.

Since both the film thickness of the liquid film around the gas bubble and the flow field in the
liquid slug are key parameters for Taylor flow heat and mass transfer, bubble asymmetry and
flow interactions between the upper and lower halves of the liquid slug caused by gravity
may have considerable effects on the resulting transport rates. A good understanding of the
conditions where gravity ceases to be important, therefore, becomes important for better

application designs. In this chapter, the effects of gravity in millimetre-size horizontal
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channels are examined experimentally by performing visualization experiments over wide
ranges of Bond (0.287 < Ca < 1.028) and Capillary (0.038 < Ca < 0.193) numbers. Heat
transfer experiments for horizontal Taylor flow were also conducted using the multi-block
heating system as that used for the vertical Taylor flow heat transfer experiments
(d =2.00 mm and Bo = 0.915). The detailed experimental setup and techniques are discussed
in Chapter 3. Section 7.1 provides details of the working conditions. Results obtained from
the brightfield microscopy and pPIV experiments are presented in Section 7.2 and 7.3,
respectively. In Section 7.4, a simple fluid dynamics model is proposed to describe the
drainage flow observed in the experiments and comparisons between the analytical solution
and the experimental data are made. The heat transfer rates for horizontal and vertical Taylor

flow are compared in Section 7.5.

7.1 Working conditions

For systematic examination of the flow parameters governing the bubble behaviour under the
effect of gravity, visualization experiments were performed using three millimetre-sized
channels of different internal diameters (d = 1.12, 1.69 and 2.12 mm corresponding to
Bo =0.287, 0.653 and 1.028) at various mixture velocities (0.09 < Urp < 0.45 m s'l) and
homogeneous void fractions (0.09 < 8 < 0.9). Nitrogen and ethylene glycol were used as the
gas and liquid phases, respectively. All visualization experiments were conducted under
isothermal condition (21 °C) using the setup described in Chapter 3 and recordings were
made near the end of the test section (~300 mm from the entrance). As discussed in Chapter 3,
the pressure drop along the test section leads to bubble expansion and change of the mixture
velocity between the entrance and the exit of the test section. The mixture velocity at the
visualization point was estimated based on the pressure drop from the entrance with a
maximum uncertainty of 15%. Table 7.1 gives the properties of the test fluids at 21 °C and
atmospheric pressure and Table 7.2 shows the ranges of flow parameters studied and the

related dimensionless numbers based on the liquid properties.

The bubble velocity, Ug, bubble length, Lg, slug length, Lg, and bubble frequency, Fp were
determined by performing a frame-by-frame analysis of the image data, as described in
Chapter 3. Regular and repeatable Taylor flow patterns were confirmed by small standard
deviations (less than 10%) of the bubble and slug lengths which were obtained over a

hundred bubbles and slugs.
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Table 7.1: Properties of ethylene glycol and nitrogen at 21 °C and atmospheric pressure.

Fluid Densit Viscosity Surface tension
(kg m”) (kgm™ s™) (Nm™)
Ethylene glycol 1114 2.04 x 107
yEne gy 0.0477
Nitrogen 1.160 2.08 x 107

Table 7.2: The operating conditions and related dimensionless numbers.

Parameters Range

Tube diameter, d (mm) 1.12 1.69 2.12
Mixture velocity, Urp (m s‘l) 0.17 0.11,0.18 0.09-0.45
Homogeneous void Fraction, 0.47 0.48 0.09-0.90
Bond number, Bo 0.287 0.653 1.028
Reynolds number, Rerp 10 10, 17 10-52
Capillary number, Ca 0.071 0.046, 0.076 0.038-0.193

7.2 Brightfield Microscopy

Using ethylene glycol as the RIM liquid and the liquid phase, the curvature effects arising
from both the outer and inner tube walls were minimized as the refractive index of ethylene
glycol (1.432) is almost the same as that of the silica tube (1.459). As seen in Figure 7.1 (a), a
well-defined gas-liquid interface is visible to allow direct measurement of the liquid film
thickness and digitization of the bubble shape. Figure 7.1 (b) compares the digitized
interfaces for the top and bottom halves of the bubble on the vertical plane passing through
the channel axis. For better comparison, the digitized bubble interface obtained at 8 = 90° is
also shown in Figure 7.1 (b), where the film thickness remains relatively constant for regions -
far away from the bubble ends. As seen in Figure 7.1, the bubble obtained in the 2.12 mm
horizontal channel (Bo = 1.028) at Rerp = 10, Ca = 0.038, f = 0.47 is clearly asymmetric,

125



(a)

(b)

Chapter 7: Taylor Flow in Horizontal Microchannels

indicating a non-negligible gravitational effect on the bubble shape. While the bottom film
thickness increases gradually, the top film thickness decreases from the bubble nose to tail. In
addition, the bubble tail is deformed noticeably, making the bubble longer at the top and
shorter at the bottom. The asymmetric bubble head and tail observed here are consistent with
the analytical results reported by Suresh and Grotberg (2005) who studied the effect of
gravity on the shapes of the bubble head and tail in a two-dimensional liquid-lined
microchannel for non-vertical channel orientations. They showed the balance of forces for the
upper interface was different from that for the lower interface when the gravitational effect is
non-negligible and obtained asymmetric bubble heads and a tilted bubble tails for Bo > 0 and

non-vertical orientations.

Normalized Radial Position, r/ d

o
N
w
S

Normalized Axial Location, z/ d

Figure 7.1: (a) Bubble shape observed in a 2.12 mm horizontal channel and (b) the digitized

bubble interface on the vertical plane (Bo = 1.028, Reyp = 10, Ca = 0.038, = 0.47).
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7.2.1 Effects of Bond number

Figure 7.2 shows the variations of the normalized top and bottom film thicknesses along the
normalized bubble length about the vertical plane for flows with similar Ca (~0.073) and
Rerp (~15) for three different channel diameters to yield different Bond numbers (d = 1.12,
1.69 and 2.12 mm giving Bo = 0.287, 0.653 and 1.028). Due to the effect of gravity, liquid
drains circumferentially from the top to the bottom in the liquid film. The drainage effect
accumulates along the bubble to cause the thickness of the top film to decrease and that of the
bottom film to increase linearly along the bubble for regions away from the bubble ends.
Therefore, the difference in thickness between the top and bottom films at the bubble tail then

becomes more pronounced as the bubble becomes longer.

According to de Ryck (2002), the normalized film thickness is a function of Capillary
number only for negligible gravitational and inertial effects. Since the Capillary numbers
were kept relatively constant and the ratios of the Reynolds to Capillary numbers, Rerp/Ca,
were small enough (200 < Rerp/Ca < 400) to ignore the inertial effect, the initial film
thicknesses and hence the shapes of the bubble nose should be similar if the gravitational
effect is insignificant in all channel sizes studied. As seen in the enlarged nose region in
Figure 7.2, the bubble noses obtained from the 1.12 and 1.69 mm channels are almost
symmetric, whereas that obtained from the 2.12 mm channel loses its symmetry. Similar
experimental observations were reported by Jensen et al. (1987). They highlighted that the
Taylor bubble nose in a horizontal channel became asymmetric at high Bond numbers (Bo >
1) and small Capillary numbers (Ca < 0.1), for which the film became thicker and the length

of the transition region became longer at the bottom interface.

Since the bubble lengths obtained for the three Bond numbers are different, direct comparison
of the degree of bubble asymmetry at the tail region does not provide a good indication of the
effect of Bo on the drainage flow. Alternatively, the Bo effect is examined by comparing the
gradients of the film thicknesses (Adr/Az) in the linear region. The gradients of the bottom
films in the 2.12 mm (Bo = 1.028) and the 1.69 mm (Bo = 0.653) channels are found to be 4.7
and 2.8 times higher than that observed for the 1.12 mm channel (Bo = 0.287), respectively,

indicating a stronger gravitational effect in larger channels.
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Figure 7.2: Effect of Bond number on the variation of the top and bottom film thickness for
flow with similar Capillary (~0.073) and Reynolds (~15) numbers. The bubbles are aligned at

the bubble nose.

7.2.2 Effect of bubble length

Since the bubble length has been identified as affecting the degree of bubble asymmetry
(difference between the thicknesses of top and bottom films), bubbles of different lengths

(1.9 < Lg/d < 20.7) were generated by varying the homogeneous void fraction (0.09 < f# < 0.9)

128



Chapter 7: Taylor Flow in Horizontal Microchannels

at fixed Bo, Rerp and Ca. As seen in Figure 7.3, the asymmetric shape of the bubble noses
caused by gravity is independent of the bubble length. Also, the gradients of the film
thicknesses away from the bubble ends are similar for bubbles of different lengths. This
suggests that the drainage flow caused by gravity is independent of the bubble length.
However, the amount of liquid drained from the top to the bottom increases with the bubble
length to give larger differences between the top and bottom film thickness at the bubble tail

for longer bubbles.
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Figure 7.3: Comparisons of bubble shape for superimposed bubble noses on the vertical

centre plane for different values of £ at Bo = 1.028, Ca = 0.038 and Rezp = 10.
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7.2.3 Effect of Capillary number and Reynolds number

As shown in Figure 7.4, the bubbles obtained from the 2.12 mm channel (Bo = 1.028) for
four different mixture velocities are all asymmetric on the vertical plane under the effect of
gravity. As the mixture velocity increases (increasing Ca and Regp), the bubble head becomes
sharper, while the bubble tail becomes flatter to attain a bullet-shape. As Urp increases from
0.09 to 0.45 m s, the bubble length decreases from 8.74 to 4.23 mm. The decreasing bubble
length is due to the combination of the slightly decreasing value of / and the increasing value
of Ca. The bubble size was reported to be inversely proportional to the Capillary number for

bubbles generating in the shearing regime, Ca > 0.02 (Thorsen et al., 2001, Xu et al., 2008).

— T [P— (c) . —_—
E E A ——
(b) I (d) '+ g

Figure 7.4: Bubble shapes obtained using a 2.12 mm channel (Bo = 1.028) for different
mixture velocities (a) 0.09 m s (8 = 0.47, Rerp = 10, Ca = 0.038), (b) 0.17 m s™' (# = 0.45,
Rerp = 20, Ca=0.073), (¢) 0.32 m s (=041, Rerp =37, Ca=0.136), (d) 0.45 m s! (p =
0.37, Rerp =52, Ca=0.193).

(a)

The effects of gravity on the bubble shape for different mixture velocities are shown more
explicitly in Figure 7.5. For constant Bo, the difference between the top and bottom films
decreases with increasing Ca, which is consistent with the results reported by Jensen et al.
(1987). The linear variations of the top and bottom film thicknesses along the bubble due to
gravity are more apparent for long bubbles obtained at low mixture velocities (case 7.4 (a-c)).
For short bubbles obtained at high mixture velocity (case 7.4 (d)), the thicknesses of both the
top and bottom films diminish smoothly from the nose to the tail as the length of the
transition region becomes comparable with the bubble length at high value of Ca (de Ryck,
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2002, Taha and Cui, 2004, Feng, 2009). Also, the variation of the difference between the top
and bottom interfaces along the bubble is less apparent. This is because the liquid film
thickness decreases rapidly in the transition region which masks the effect of the
accumulation of liquid drainage from the channel top to bottom as observed in the long

bubbles.

0.5

Normalized Radial Position, r/ d

0 1 2 3 4
Normalized Axial Location, z/ d

Figure 7.5: Comparisons of bubble shapes on the vertical plane obtained using a 2.12 mm

horizontal channel (Bo = 1.028) for different mixture velocities.

7.2.4 Variation of film thickness in the circumferential direction

The variation of the film thickness in the circumferential direction was investigated by
recording backlit images at different circumferential positions as indicated in Figure 3.14.
Since the drainage flow is symmetric about the vertical plane passing through the tube centre,
the information obtained from circumferential positions in the 180°-270° region is reflected
to the 90°-180° regions. For bubbles with a relatively constant film thickness region, the
normalized film thickness obtained at 1d from the bubble nose is depicted in Figure 7.6. For
short bubbles without such a region (case 7.4 (d)), the reported film thickness was obtained
near the bubble tail. As liquid drains from the top to the bottom in the circumferential
direction, the normalized film thickness increases continually from the top to the bottom for

this set of study conditions.
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Figure 7.6: Variation of normalized film thickness in the circumferential direction from the
top to the bottom with the film thickness obtained 1d from the bubble nose for cases 7.4 (a) to

(¢) and near the bubble tail for case 7.4 (d).

The normalized film thickness is also compared with the correlations suggested by Aussillous
and Quéré (2000) (Eq. 4.6) and Irandoust and Andersson (1989a) (Eq. 4.7) in Figure 7.7. The
film thickness is found to increase with increasing Ca for all circumferential positions. For
the same Ca, the normalized film thicknesses at different circumferential positions vary
between the prediction of Eq. (4.6) and Eq. (4.7) which give better representations for the
thicknesses of top and bottom films, respectively. It is believed that this observation is just a
coincidence without any mechanistic reason as Eq. (4.6) was derived semi-analytically for
cases with negligible inertia and gravity and Eq. (4.7) is an empirical correlation derived over
a wide range of operating conditions, with neither of them taking the effect of gravity into

account in their derivations.
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Figure 7.7: Comparisons of the normalized film thickness obtained at various circumferential
positions with Eq (4.6) and Eq (4.7). The experimental film thicknesses were obtained from
the bubble nose for cases 7.4 (a) to (¢) and near the bubble tail for case 7.4 (d).

7.3 WuPIV measurements

As seen in the brightfield microscopy results, significant distortions of the bubble symmetry
for some conditions were noted. The flow field in the liquid film region leading to such
asymmetric bubble shape was visualized using the uPIV technique as described in Chapter 3.
In addition to the flow field in the film region, the effect of gravity on the flow pattern inside
the liquid slug was of interest, as any gravity-induced flow interactions between the upper
and bottom halves of the liquid slug may lead to significant changes in the resulting heat and
mass transfer rates. Therefore, pPIV measurements were also performed in the slug region to

characterize the flow pattern there.

7.3.1 Drainage flow in the liquid film

Figure 7.8 shows the temporal variation of the magnitude of the vertical (drainage velocity)

and horizontal (axial velocity) components of velocity at @ = 90° (i.e. horizontal plane) at
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different distances from the wall for horizontal flow using a 2.12 mm channel (Bo = 1.028)
for Urp = 0.09 ms’! (Rerp =10, Ca = 0.038) and 8 = 0.47. In order to capture the velocity data
in the film around the bubble region, the PIV settings were optimized for the low film
velocities during the passage of a bubble. Therefore, during the passage of a liquid slug, the
velocity data are discarded. Periodic variation, where the drainage velocities are higher at the
bubble nose and decrease steadily towards the tail, is observed. It is also noted that the
drainage velocities are higher for positions further away from the wall and closer to the gas-
liquid interface. These are consistent with the computational results reported by Gupta et al.
(2010c), who showed that the tangential velocity near the bubble nose was higher than that at

the bubble tail and increased from the wall towards the interface.

The axial film velocities during the passage of a bubble for a region far from the bubble ends
are much smaller than the drainage velocities in the laboratory frame of reference, as seen in
Figure 7.8. Alternatively, in the frame of reference moving with the bubble, the liquid film is
moving quickly from front-to-back of the bubble with a velocity Ug— Ug ~ — Up, providing
the source of the fluid that drains along the bubble. Rather than the bubble rising with time, it
is tilted with the head pointing towards the centre as the balance of forces varies along the

bubble. Therefore, the drainage flow in the liquid film is continuous and steady.
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Figure 7.8: Transient recording of liquid film drainage and axial velocities in a 2.12 mm

horizontal channel (Bo = 1.028) for Urp = 0.09 ms ', (Rerp = 10, Ca = 0.038) and ff = 0.47 at
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7.3.2 Flow field inside the liquid slug

For Taylor flow with Ug < 2U7p and negligible gravitational effect, two symmetric counter-
rotating vortices about the channel axis inside the liquid slug are present in a reference frame
moving with the bubble (Taylor, 1961, Thulasidas et al., 1997). As discussed in Chapter 6,
the size of the recirculation zone inside the liquid slug (recirculation centre, ry, and the
dividing streamline, r;) can be expressed solely as a function of the Capillary number, in the
absence of gravitational and inertial effects. However, this may not be the case when the
gravitational force is not negligible. Recently, Zheng et al. (2007) showed computationally
the dependence of the size and number of vortices present in the liquid slug on the Bond
number and the flow parameters, including the Capillary number, slug length and flow
orientation. They also reported that gravity causes flow of the liquid from the upper liquid
film near the nose to the liquid film at the tail of the preceding bubble through the liquid slug

core, as shown in Figure 2.9.
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Figure 7.9: Typical plots of relative velocity vectors in a frame of reference moving with the
bubble for regions (a) near the bubble head and (b) bubble tail obtained at the vertical centre
plane using the 1.69 mm channel (Bo = 0.653, Rerp = 17, Ca = 0.076). The black and brown
curves indicate the field of visualization and gas-liquid interface, respectively. The black
arrows and blue lines are the relative velocities and streamlines, respectively. The red arrows
show the radial positions of the recirculation centre (rp) and streamline dividing the

recirculation zone from the wall film layer (/).

The recirculation motions (in a frame of reference moving with the bubble) inside the liquid
slug near the tail of the preceding bubble and the nose of the trailing bubble obtained for flow
at Bo = 0.653, Rerp = 17, Ca = 0.076, Lgd = 8.35 are depicted in Figure 7.9. No flow
interaction is observed between the lower and upper halves of the liquid slug as was reported

in Zheng et al. (2007). Also, there is no observed interaction between the wall film layer and
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the recirculation fluid in the slug region. The liquid film flows into the head of the slug
through the annular bubble film of thickness §r, expanding to thickness R — 7; before

contracting again to leave at the back of the slug.

The normalized radial positions of the recirculation centre (r¢/R) and streamline dividing the
recirculation zone from the wall film layer (r;/R) for the above case are estimated from
Figure 7.9 to be 0.52 and 0.74 which are consistent with the values calculated using Eqs. (6.5)
and (6.7). The two counter-rotating vortices inside the liquid slug are rather symmetric at the
bubble head region about the horizontal centre plane for the case studied here and slightly
asymmetric near the bubble tail region due to the distorted bubble tail. Overall, the effect of

gravity on the flow pattern inside the slug region is weak in these long slugs.

7.4 Fluid dynamics model for the drainage flow

The effect of gravity on the bubble shape and the flow field in the liquid film for horizontal
Taylor flow in millimetre-size channels is clearly observed in the experimental results for the
conditions studied here. Gravity gives rise to a circumferential flow of the liquid from the top
film to the bottom film. This flow is symmetric about the vertical plane passing through the
tube centre, where the thickness of the liquid film surrounding the bubble increases

continuously from the top to the bottom in the circumferential direction.

The axial velocity in the draining liquid film is found experimentally to be negligible when
compared with the drainage velocity for a region sufficiently far away from 8 = 0° and 180°,
and the bubble ends. Therefore, the drainage flow in such a region may be reduced to a two-
dimensional problem. Due to the similarity, a simple analysis analogous to Nusselt’s solution
for laminar film condensation on a horizontal tube (Nusselt, 1916) can be performed to
estimate the drainage velocity in the liquid film at a cross-section far enough from the bubble

ends. The main assumptions of the analysis are:

1. The flow is incompressible and the properties of the fluids are constant.
The film Reynolds number is low for which the liquid inertia is negligible.

Pressure is hydrostatic inside the bubble.

i

Axial and radial velocities can be neglected as being small compared with the

circumferential velocity.
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5. The film thickness is small when compared with the tube radius, 6 << R.
6. The cross-section of the bubble become non-circular under the effect of gravity, but the

distortion is minor and a cylindrical bubble shape is assumed.

Figure 7.10 shows (a) a schematic of a bubble in a horizontal tube, and (b) an arbitrary cross-
section (AA) in the bubble region far away from the bubble ends. Since the film thickness is
much smaller than the tube radius (6r << R), Cartesian coordinates (x=Rf, y = R — r) are
used for the circumferential flow. The radii of the tube and the bubble are R and Rp,
respectively. The film thickness, Jr, varies circumferentially as a result of the liquid drainage.

The velocity components in the x- and y-directions are denoted by u and v, respectively.

(b) 6=0
A
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Figure 7.10: (a) Schematic of a bubble, (b) cross-section in the bubble region away from the

bubble ends.

The momentum conservation equations in the x- and y-direction for the liquid film can be

expressed as

oP, _ 92u)

—5; + pLgsiné + y, a—yz =0 (7.1)
0P,

- _67 + p gcosf =0 (7.2)
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where Py is the liquid pressure and g is the acceleration due to the gravity. The liquid has
constant viscosity (¢;) and density (p;). The gravitational components in the circumferential
and radial direction at an angle 6 from the top are expressed as g sinf and g cos@,

respectively, in the Cartesian coordinates.

With the assumption of a hydrostatic pressure profile in the gas phase, the gas pressure, Pg,

can be expressed as
P; = Pt — pggRcosl (7.3)
where P, is the reference pressure at the centre of the tube and pg is the density of the gas

phase.

At the interface, y = ¢, we have

g 0P; 0P

=P +— == 7.4
Pg L+RB=>6y dy (7.4)

For simplicity, the small change in curvature of the interface around the bubble is neglected

in the surface tension force and the bubble radius is replaced by that of the tube.

Integrating Eq. (7.2) and using Egs. (7.3) and (7.4) to obtain

o
P, = p,g(y — 6p)cos + Ppor — pggRcos6 — R (7.5)

Thus 0P,/ dx can be expressed as

opP, =laPL _ _PLg(y_5F)
dx R 06 R

sin@ + p; gsinf (7.6)

Substituting this into Eq. (7.1), we get

Gk -6
u ( u) = —wsine — (p, — pg)gsind (7.7)

ay? R
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Integrating Eq. (7.7) twice and applying the boundary conditions that u = 0 at y = 0 and
du/ dy = 0 at y = &, the drainage velocity profile in the liquid film is obtained as

(pL=pg)gsing
2y

ing
u(y) =~ [0 = 807 + (60)°] -

[(y = 6¢)% = (65)°] (7.8)

The average drainage velocity can then be determined as

8p ; 3 - 2 2
u(y)d sinfé Apgsin8é Apgé 34
L= fo (»)dy __Pg Foy Pg F__ PYOF (1 ___i) sing (7.9)
O 8Ru, 3uL 31

8 R

For flow with 8 << R, Eq. (7.9) can be simplified by neglecting the cubic term and it is
rewritten using the conventional dimensionless terms given by Eq. (7.10). To make the trends
explicit, the small variation of the thickness of the liquid film surrounding the gas bubble is

neglected, with & estimated using Eq. (4.5)

U, 0.45-Bo-Ca'/?
Urp (1 + 3.35Ca?/3)2

sin@ (7.10)

From the above analysis, the normalized drainage velocity (Uy/Urp) is found to be a function
of the Bond number and Capillary number, as well as the circumferential position, 8. It is
worth reiterating that Eq. (7.10) is only valid for a region far away from the bubble ends and
for a film region away from the top and bottom films because of the assumptions made in its

development.

According to Eq. (7.10), U4/ Urp increases linearly with the Bond number for fixed values of
Ca and 6. The variation of Uy/Urp with Ca for the Bond numbers used in the present study
(Bo =0.287, 0.653 and 1.028) at & = 90° is shown explicitly in Figure 7.11. The normalized
drainage velocity first increases sharply from zero at Ca = 0 to a maximum value reached at
Ca = 0.031, beyond which it decreases exponentially to a value of zero as Ca — oo. Therefore,
the drainage velocity is negligible compared with the mixture velocity for flow with very

small Bond numbers and/or Ca — 0 or Ca — oo.
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Figure 7.11: Variations of U,/Urp with Ca for fixed values of Bo at ¢ = 90°.

7.4.1 Comparison of experimental results with the analytical solution

The experimental drainage velocity profiles at the horizontal centre-plane (6 = 90°) obtained
for flows with different film thicknesses are compared with Eq. (7.8) in Figure 7.12. As
shown in Figure 7.8, the drainage velocity in the liquid film decreases steadily from the
bubble nose to tail. Therefore, the experimental velocity data presented here were obtained by
taking the average drainage velocities across the bubble, with the error bars indicating the
range of values measured along the bubble. The experimental results show parabolic profiles
and agree reasonably well with the analytical solutions (Eq. 7.8) calculated based on the
average film thickness, suggesting that the physics governing the drainage flow in the liquid
film are captured correctly by the simple fluid dynamics model. Better agreement is achieved
between the analytical solutions and the experimental data for flow with smaller drainage

velocity (and thinner film).
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Figure 7.12: Comparisons of the experimental drainage velocity profile with the analytical
solution for different flow conditions: ( ®) Bo = 0.653, Rerp = 10, Ca = 0.046, ( ®) Bo = 0.653,
Rerp = 17, Ca = 0.076, (®) Bo = 1.028, Rerp = 10, Ca = 0.038, and (®) Bo = 1.028,
Rerp=20, Ca = 0.073. The lines with the corresponding colours show the prediction values

using Eq. (7.8).

As mentioned previously in Section 7.2, the thickness of the top film decreases while that of
the bottom film increases linearly along the bubble due to the accumulation of the drainage
effect. To relate the angle of inclination of the bubble to the drainage velocity, a volumetric
balance between the drainage volume and the bubble displacement was performed. At
6=90°, the drainage flow represents the total flow from above the bubble centre-line to
below it. The volumetric flow rate of this flow through the films on either side of the axis for

alength Az is

AQd = 26,.-Ud(0 = 900) Az =

20pg6;° 36
ﬂ-(l F) Az (7.11)

3,UL _§F
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Neglecting any change in bubble shape or size along its length (in the z direction), the bubble
must be shifted upward in the channel after Az by a distance Ah in order to balance the
drainage volume, AQ . In the stationary frame, the volume displaced after the bubble rises a

differential height Ah is

AV = Ah. AMprojected (7.12)

where the projected area of the bubble is the centreline area normal to the rise direction,

AAprojected = 2 (R — 8p) + Az. Since AQg = AV/At, writing Az = UpAt gives

Equating Eqgs. (7.11) and (7.13), we get

:c]-,?’

3
sh _ dpgse® (1= 5
Az 3u,RUg (

) ApgSs® 2 Bo (6p)3 Urp (7.14)

) ~ 34,RU, 3 Ca \d/) U,

:cl.,,

Rearranging the above equation, the normalized film thickness, 8z /d, can be expressed as

Sr (3 Ca U Ah)1/3

i Lo B

2 Bo Urp Az (7.15)

where Ah = |Ad| for the top and bottom films.

It is recognised that §r in Eq. (7.15) is the film thickness at 8= 90°. As shown in Figure 7.2,
gradients of the film thicknesses (Adr/Az) of the top and bottom films in a region far away
from the bubble ends are relatively constant, suggesting a constant film thickness at 8= 90°,
which has been confirmed by the white light visualization measurements as shown in Figure
7.1. In fact, this seems to be reasonable as the bubble interface and wall are parallel to the

direction of bubble rise at that position.

Figure 7.13 compares the experimental film thickness and the calculated values at 8 = 90°
using Eq. (7.15) based on the average gradient of the top and bottom films. Good agreement
1s achieved between the experimental normalized film thicknesses and the calculated values,

with the experimental data scattering within 15% of the predicted values. The results suggest

144



Chapter 7: Taylor Flow in Horizontal Microchannels

that the simple model does describe the relationship between the angle of inclination of the

bubble and the drainage flow around the bubble properly.
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Figure 7.13: Comparison between the experimental film thicknesses and the calculated
values using Eq. (7.15) at 8= 90°, with the broken lines represent the + 15% bounds of the

predicted values.

7.5 Heat transfer

As observed in the visualization experiments, the liquid film is not uniform around the bubble
at the wall due to the drainage of liquid from the top to the bottom of the channel under the
effect of gravity. To investigate the effect of gravity on the heat transfer rate, heat transfer
experiments for horizontal Taylor flow were performed in a 2.00 mm channel (Bo = 0.915)
for selected flow conditions (f ~ 0.5, 10 < Rerp < 65 and 0.036 < Ca < 0.172) using the
multi-block heating system. Figure 7.14 shows a comparison of the normalized Nusselt

number (Nu* = Nurp/Nu; o) between the horizontal and vertical flow systems. Similar heat
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transfer rates are noted for the two flow orientations with the differences falling within the
uncertainty in the measurements. The small difference in the heat transfer rate between the
two systems suggests there is only a minor effect of gravity on Taylor flow heat transfer. This
can be explained by the absence of flow interaction between the top and bottom halves of the
liquid slug region (two almost symmetric counter-rotating vortices observed in a frame of
reference moving with the bubble). The results further confirm the heat transfer mechanisms
proposed in Chapter 6 — the liquid film only acts as an energy storage region, with that
energy being taken up by mixing with the overtaking slug and most of the heat being carried
by the liquid slug. Therefore, the effect of flow orientation on the heat transfer rate would

only be observed when the flow pattern inside the liquid slug is affected by the gravity.
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Figure 7.14: Comparisons of the normalized Nusselt number in the fully-developed region
between the horizontal and vertical systems for f# ~ 0.5. The error bar indicates one standard

deviation for the normalized Nusselt number (Nu™).
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7.6 Summary

The effect of the gravity on the bubble behaviour of gas-liquid Taylor flow was studied
experimentally in three different millimetre-size channels (d = 1.12, 1.69, 2.12 mm giving
Bo = 0.287, 0.653 and 1.028). Nitrogen and ethylene glycol were used as the gas and liquid
phases, respectively. By careful matching of the refractive indices of the tube material and the
liquid phase, a well-defined gas-liquid interface was visible to allow direct measurement of
the liquid film thickness and digitization of the bubble shape for comparison of the top and

bottom halves of the bubble interface.

The visualization results showed that bubbles become asymmetric under the influence of
gravity for the conditions studied here. Due to the accumulation of drained liquid, the film
thickness around the bubble varied both circumferentially and axially. The film thickness
surrounding the bubble increases from the top to the bottom of the tube and the difference
between the top and bottom film thicknesses increases from the bubble nose to the tail. From
the parametric study, the Bond (Bo) and Capillary (Ca) numbers are identified as important

parameters controlling the drainage flow.

The pPIV measurements showed clearly a drainage flow in the film region under the effect of
gravity. The drainage velocity increases from the region near the wall to the gas-liquid
interface and adopts a parabolic profile. Compared with the drainage velocity, negligible
axial film velocities were noted during the passage of a bubble for a region far from the
bubble ends. Performing pPIV measurements in the liquid slug region, two counter-rotating
vortices in a reference frame moving with the bubble were identified. For the cases studied,
no flow interaction were observed between the top and bottom halves in the slug region, with
the liquid film moving along the wall layer without mixing with recirculation fluid inside the

slug core.

A simplified model based on Nusselt’s solution for laminar film condensation on a horizontal
tube is derived to describe the drainage velocity profile in the liquid film at a cross-section
away from the bubble ends. The analytical results agree qualitatively with the experimental
data. A non-dimensional analysis of the model showed that the ratio of the average drainage
to bubble velocities is a function of the Bond and Capillary numbers. The effect of gravity
vanishes as the function of these groups tends to zero, which can be achieved using a very

small Bond number and/or Ca — 0 and as Ca — co.
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From the simple model (Eq. (7.14)) relating the angle of inclination of the bubble to the
drainage velocity, it is recognized that the film thickness, 8¢, at & = 90° can be estimated
based on the gradients of the film thicknesses (Adr/Az). Good agreement was achieved
between the experimental data and the calculated values, with the experimental film

thicknesses falling within 15% of the prediction.

Although an asymmetric bubble shape was observed for horizontal Taylor flow for all
channel sizes studied here, the heat transfer rate of Taylor flow in a 2.00 mm horizontal
channel was not significantly different from that obtained for a vertical system, indicating a

minor effect of gravity on horizontal Taylor flow heat transfer.
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Chapter 8
Preliminary Study of Annular Flow in

Microchannels

Apart from Taylor flow, annular two-phase flow is another frequently encountered flow
regime in micro-scale two-phase flow systems. This flow pattern occurs when the gas
superficial velocity increases at low liquid superficial velocity, leading to breaching of the
liquid slugs present in Taylor flow and the formation of a continuous gas core. Gas-liquid
annular flows are of relevance for typical chemical engineering applications, such as falling
film reactors, handling of cryogenic fluids, electronics cooling, space-based nuclear power
generation, etc., because of the capability of giving higher throughputs. In addition, this flow
regime arises naturally in phase-change applications even at a vapour quality as low as 0.2.
Therefore, a good understanding of heat transfer without phase change in the annular flow
regime would provide more fundamental knowledge of the complex phenomena of flow
boiling in microchannels (Bertsch et al., 2008, Liu, 2011) and condensation (Baird et al.,

2003, Chen et al., 2008).

In view of its practical importance, two-phase annular flow in large diameter channels has
been studied extensively and several empirical or semi-empirical correlations have been
proposed to predict the liquid film thickness, liquid entrainment in the gas core, void fraction
and pressure gradient (Hewitt and Hall-Taylor, 1970). Several studies have attempted to
extrapolate the correlations for conventional channels to predict the hydrodynamic
parameters of annular flow in microchannels (Bao et al., 2000, Chen et al., 2002b, Cioncolini
et al., 2010). However, such direct extrapolation may not be suitable because the surface
forces (e.g. surface tension) which are usually neglected in large channels become more
important when compared with other forces (e.g. gravity or fluid inertia) as the channel size
reduced. Differences in flow behaviour were noted between annular flows in micro- and
macro-channels. For example, the flows in both the liquid film and gas core are turbulent for
macro-scale annular flow, while the flow in the liquid film usually falls in the laminar regime

with the gas core falling in the transition or turbulent regimes for micro-scale annular flow.
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Also, the liquid droplets dispersed in the gas core generally seen in large diameter channels

are rarely observed in microchannels.

Whilst gas-liquid Taylor flow in microchannels has been well-characterised and the
corresponding heat and mass transfer enhancements have received increasing attention,
studies of the annular flow regime have been generally neglected. This can be mainly
attributed to the greater complexity associated with this flow regime. The unstable and
transient nature of annular flow provides significant challenges to study this flow pattern

experimentally.

Significant heat transfer enhancement brought about by gas-liquid annular flow in
microchannels was reported experimentally (Bar Cohen et al., 1995, Bao et al., 2000, Liu et
al., 2006). However, the heat transfer characteristics of the annular flow regime are much
more complicated than those for Taylor flow due to coupled convective and evaporative heat
transfer mechanisms. Also, the presence of transient waves at the gas-liquid interface gives

rise to additional complexity in understanding the heat transfer mechanisms.

This chapter explores the suitability of extending the experimental techniques which were
developed for Taylor flow to the study of the flow and heat transfer characteristics of non-
boiling, gas-liquid annular flow in microchannels. Also, experimental challenges for a
comprehensive annular flow study are identified through performing preliminary experiments

in a circular channel having an internal diameter of 2.00 mm:.

8.1 Modifications of the experimental set-up

8.1.1 Flow loop design

The flow loop design for studying the hydrodynamics and heat transfer rates of gas-liquid
annular flow in a vertical tube of internal diameter, d = 2.00 mm (Figure 8.1) was modified
from that used for the ethylene glycol Taylor flow experiments. Since a much higher gas flow
rate was used to generate annular flow, the gas flow was regulated by a different calibrated
mass flow controller (Sierra Smart-Trak, C100L) which allows a flow rate of up to 10 slpm.
To minimize the effect of evaporation in the heating section, nitrogen was saturated by
bubbling the dry nitrogen through a flask partially filled with water prior to it entering the

mixing zone. A K-type thermocouple was added to measure the gas inlet temperature. The
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amount of vapour present in the gas inlet was then determined based on an adiabatic

saturation calculation using the steam table.
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Figure 8.1: Schematic of the experimental facility for annular flow experiments.

8.1.2 Visualization tests

All visualization experiments were conducted in a 300 mm long silica tube of internal
diameter d =2.00 mm under isothermal condition (21 °C). The visualization techniques
employed in the Taylor flow study demonstrated clearly the capabilities of obtaining high-
quality brightfield pictures and time-resolved velocity data, as presented in the previous
Chapters. The suitability of extending these to study the flow characteristics of the
intermittent slug-annular/annular flow regime have also been demonstrated in our research
group (Fouilland, 2008, Fouilland et al., 2010). Fouilland studied nitrogen-water two-phase
flow spanning Taylor to slug-annular/annular flow in a 1.73 mm diameter tube. The transient
waves along the gas-liquid interface and the transient flow field in the liquid film for annular
flow were captured successfully. Therefore, it is likely that we can use the same apparatus to
perform a systematic experimental study on the hydrodynamics of gas-liquid annular flow in

microchannels.
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8.1.3 Heating test section

As discussed in Chapter 3, the thermal time constant of the multi-block heating system is
~200 s. Such a long thermal time constant means that a long start up time (typically a few
hours) is required for the system to reach a steady state and the wall temperature is unlikely
to be sensitive to the waves present in annular flow. Liu (2011) in our research group studied
the effect of thermal capacity of the test section on boiling flow and heat transfer
characteristics by comparing results obtained for a multi-block heating system (the same
apparatus as used in the present study) with those obtained for bare tube heating systems of
significantly shorter thermal time constants (~5 ms). He found that the thermal time constant
of the test section and the channel materials had little influence on the boiling flow and heat
transfer behaviour. With the much shorter time constant of the bare tube heating systems, the

time required for steady state operation was reduced from hours to minutes.

Based on the observations reported by Liu (2011), a bare tube heating section was
constructed to study the heat transfer characteristics of non-boiling, gas-liquid annular flow.
It uses a 300 mm long hard-drawn stainless steel circular channel of 2.00 mm internal
diameter with a wall thickness of 0.5 mm. Five small surface resistance thermometers (RdF
Corporation, R-MINI 29223) were mounted on the wall surface along the heating test section
using high temperature resistant tape. The axial locations of the surface thermometers from
the entrance of the heating section are given in Table 8.1. The heating section was wrapped in
closed cell foam insulation to minimize ambient heat losses and the effect of environmental
changes. A constant wall heat flux boundary condition in the heating section was achieved by
Joule heated using a high current DC power supply (Xantrex, XFR 7.5-300), with a total
heating length of 260 mm. Since the heating section starts right after the mixing zone,
simultaneously hydrodynamic and thermal developing flow was encountered at the entrance

region.

Table 8.1: Axial locations of surface thermometers.

Thermometer # T1 T2 T3 T4 T5

Axial location (mm) 72.0 104.5 134.5 163.5 205.5
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8.1.3.1 System calibration

A series of experiments without fluid flow were first performed for system calibration. The

overall heat loss constant, C;,, to the ambient was determined as

Qin = Quoss = Closs(ﬁ —Tg) (8.1)

where Q;, and @, are the total heat input and the heat loss to the environment, respectively;
T, and T, are the mean wall temperature for the entire heating zone and the ambient
temperature, respectively. The overall heat loss constants were found to be almost constant

(~0.058 W K') for the average wall temperature ranged 25 — 65 °C, as seen in Figure 8.2.
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Figure 8.2: Variation of heat loss constant with average wall temperature.

8.1.3.2 Single-phase verification

The system was also tested for a series of single-phase flow heat transfer measurements. The
bulk mean temperature and the heat transfer rate were determined in a similar way to that

used in the multi-block system.
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A oA ~ __ z
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heating
Nuz — hzd qav d _ Qin - C(E - Ta) d (8.3)
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where z is the axial location of the resistance thermometer and Lyeqting is the total heating
length, h, is the local heat transfer coefficient; q,,, is the average wall heat flux; T,,, and T},
are the wall and bulk temperatures temperature at the axial location z, respectively; AT is the
temperature difference between the wall and bulk temperatures. Experimental data are
compared with the theoretical solution for simultaneously developing laminar flow for
constant wall heat flux boundary conditions (Shah and London, 1978) in Figure 8.3.
Excellent agreement was achieved, with most of of the experimental Nusselt numbers falling

within 5% (some are in the range 5-10%) of the theoretical values.
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Figure 8.3: Comparisons of the heat transfer rate for single-phase laminar flows with the

theoretical value for simultaneously developing flow for constant wall heat flux boundary

conditions.
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8.1.3.3 Taylor flow heat transfer

Taylor flow heat transfer experiments were also performed using the bare tube heating
section for selected flow conditions to investigate the impact of the wall thickness on the heat
transfer rates. The two-phase heat transfer rates were determined in a manner similar to that
used in the multi-block Taylor flow experiments, with the homogeneous specific heat
capacity, C,rp and specific enthalpy, Hrp, calculated using Eqgs. (3.15) and (3.16) and the
evaporation energy determined from Eqgs. (3.17) and (3.18). The block-wise Nusselt numbers
obtained from the multi-block heating test section are compared with the bare tube results in

Figure 8.4 and 8.5 using water and ethylene glycol as the liquid phase, respectively.
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Figure 8.4: Comparisons of the Nusselt number between the multi-block (e ) and bare tube
(0) heat transfer experiments using water as the liquid phase. The solid line represents the
theoretical results for thermally developing laminar tube flow under a constant wall heat flux

boundary condition suggested by Shah and London (1978).
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For the water experiments using the bare tube test section, the Nusselt numbers are almost
constant throughout the monitoring length, indicating thermally fully-developed flow is
achieved. For flows at low mixture velocities (Figure 8.4 (a)-(c)), results obtained from both
heating systems are very close to each other. As Urp increases, the local Nusselt numbers
obtained from the bare tube system is significantly higher than that obtained from the multi-

block system, as seen in Figure 8.4 (d). The reasons for such discrepancy are not clear yet.

As discussed in Chapter 4, a greater length was required for the flow to become thermally
fully-developed when ethylene glycol was used as the liquid phase in the multi-block heat
transfer experiments. A similar observation is noted for the bare tube experiments as seen in
Figure 8.5. Relative constant Nusselt numbers are generally attained from the position where
the third thermocouple is located (134.5 mm from the inlet). A good match between the two
heating systems is observed at low mixture velocities (Figure 8.5 (a) — (c)). Similar to the
experiments using water as the liquid phase, the Nusselt numbers obtained from the bare tube
system become greater than those obtained from the multi-block system as the mixture

velocity increases (Figure 8.5 (d) — (e)).
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Figure 8.5: Comparisons of the Nusselt number between the multi-block (® ) and bare tube
(0 ) heat transfer experiments using ethylene glycol as the liquid phase. The solid line
represents the theoretical results for thermally developing laminar tube flow under a constant

wall heat flux boundary condition given by Shah and London (1978).

To obtain the fully-developed heat transfer rate for the bare tube heating test section, the two-
phase Nusselt numbers (Nurp) for water experiments are determined by averaging the Nusselt
numbers for locations T1 to TS, while those for the ethylene glycol experiments are
determined by averaging the Nusselt numbers for locations T3 to T5. Figure 8.6 shows a
comparison of the normalized Nusselt number (Nu* = Nurp/Nu; ) between the two heating
systems. Apart from case 8.4 (d) for which unsteadiness was observed near the bubble tail
region due to the relative higher Reynolds number employed (Rerp = 1100), the discrepancies
between the two heating systems are within the uncertainty in the measurements. The
agreement in the heat transfer rate between the two heating systems suggests there is only a
minor effect of the thermal capacity of the test sections on Taylor flow heat transfer. Also, it
confirms the suitability of using the bare tube heating systems to study the heat transfer

characteristics of gas-liquid two-phase flows.
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Figure 8.6: Comparisons of the normalized Nusselt number in the fully-developed region
between the two heating systems. The error bar indicates one standard deviation for the fully-

developed heat transfer data used to obtain the normalized Nusselt number (Nu*).

8.2 Flow conditions

After finishing the system modification and verification experiments, preliminary tests on
non-boiling, gas-liquid annular flow were carried out to identify the potential challenges for a
further study of the flow and heat transfer characteristics of this flow regime. The effect of
liquid phase properties on the annular flow pattern was first examined by using water and
ethylene glycol as the liquid phase for a condition of U, = 0.02 m s and U = 9.5m s

Then, a series of nitrogen-water flows with a constant liquid superficial velocity (0.02 m s,
Re; =43 and gas superficial velocity varying from 4.8 to 26.0 m s ™' (530 < Reg; < 2890) were
studied. The effect of liquid flow rate (0.02 < U, <0.11, 43 < Re; < 217) at constant nitrogen
flow rate (9.5 m s o Reg = 1930) was also studied. Table 8.2 summarises the tested conditions,

covering the slug-annular and annular flow regimes.
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Table 8.2: Summary of the flow conditions studied.

Parameters Water (W) Ethylene glycol (EG)

Gas superficial velocity, Ug (m s™) 4.8-26.0 9.5

Liquid superficial velocity, Uz (ms™) 0.02-0.11 0.02
Homogeneous void fraction, f8 0.978-0.999 0.998

Gas Reynolds number, Reg 530-2890 1060

Liquid Reynolds number, Re; 43-217 2

Capillary number, Ca 0.064-0.336 7.422

Weber, We 625-18000 14100

8.3 Flow Visualization

Gas-liquid annular flow in microchannels is characterised by a central gas core surrounded by
a thin wavy liquid film on the channel wall. Figure 8.7 shows typical flow images obtained
for the case with U, = 0.02 m s and Ug ~ 9.5 m s™' using nitrogen as the gas phase, and (a)
water and (b) ethylene glycol as the liquid phase. For this flow condition large-amplitude
waves were observed in both systems, with the wave pattern being transient and propagating
along the flow direction. While ripples (small-amplitude waves) were observed near the
large-amplitude waves for water, the gas-liquid interface for ethylene glycol was relatively
smooth for region away from the large-amplitude wave. Due to the mismatch of the refractive
index between the silica tube (R.I. = 1.46) and water (R.I. = 1.33), optical distortion arose
from the inner curved surface of the tube and made it very difficult to identify the gas-liquid
interface from the images directly, as described in Chapter 4. The visibility at the near wall
region was increased when a longer aperture opening time or slower shutter speed
(At = 1/100000 s) than that used in the Taylor flow experiments (At = 1/500000 s) was
employed (Figure 8.7 (a)). However, this is compromised by the sharpness of the image, as
the displacement of the moving interface (§,) within one frame period which can be

estimated using Eq. (8.4) is directly proportional to the shutter speed.

8, = UrpAt (8.4)
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For flow with a superficial gas velocity of 9.5 m s, the displacement of the interface in one
frame period can be up to ~100 pum, which is about ~100 times of a typical Taylor flow
recording reported in Chapter 4. Therefore, the new setting is not really desirable for
capturing the highly transient annular flow pattern but represents the best compromise with
the available apparatus. To improve the visibility at the near wall region without sacrificing
the sharpness of images, a stronger illumination source such as a flash is suggested in the

future.

As seen in Figure 8.7 (b), a lot of small gas bubbles were dispersed in the liquid film
surrounding the gas core when ethylene glycol was used. These dispersed bubbles are not
desired and may increase the complexity in understanding the heat transfer behaviour a great
deal. Therefore, all future experiments were done using water as the liquid phase, where

dispersed bubbles were not seen in the liquid film.
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Figure 8.7: Typical images for flow with U; =0.02 m s and Ug ~ 9.5 m s using (a) water

and (b) ethylene glycol as the liquid phase.
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8.3.1 Effect of gas and liquid flow rates

The effects of the gas and liquid flow rates on the flow structures are shown in Figure 8.8 and
Figure 8.9, respectively. Bubble breakage was observed for flow with relatively lower gas
superficial velocity (Figure 8.8 (a)), and such pattern is named slug-annular flow. For annular
flow at higher gas flow rates (Figure 8.8 (b)-(d)), the wave patterns are asymmetric, and
transient in nature. As the gas superficial velocity increases at constant liquid flow rate, the
amplitudes of the waves decrease, while the wave frequency increases. For a constant gas
flow rate, the wave amplitude and frequency were found to increase with increasing liquid

velocity. Moreover, the flow was found to become less stable at higher liquid flow rates

(Figure 8.9 (b)).

(a) Reg =530 (b) Re; = 1060
(¢) Re; = 1930 (d) Re; = 2890

Figure 8.8: Typical flow structures at discrete time moment for flow with different gas
velocities, (a) Ug=4.8 m s Rc'(, =530 (b) Us=95ms Rc(, = 1060 (¢) Us =173 ms :

Re; = 1930 and (d) Us=26.0m s, Reg = 2890 at constant liquid velocity (U, = 0.02 m s

Re; = 43).
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(a) R(’[—H} R('[—2|7
Figure 8.9: Typical flow structures at discrete time moment for flow with different liquid

velocities, (a) U, =0.05ms", Re; = 108, and (b) U, = 0.11 m's™', Re; = 217 at constant gas

velocity (Ug=17.3 ms ' Rec = 1930).

8.4 Pressure drop

Figure 8.10 shows the variation of the inlet pressure measured at the liquid stream near the T-
mixer with the gas Reynolds number for flow with constant liquid flow rates. The inlet
pressure increases with increasing gas and liquid Reynolds number. For all liquid flow rates
studied (U, = 0.02-0.11 m s L Re; = 43-217), the inlet pressure first increases slowly as Ug
increases from 4.9 t0 9.5 m s, then it increases more steeply as the gas flow rate is increased
further. Similar observations were reported by Bao er al. (2000) who studied the pressure
drop and heat transfer characteristics of two-phase flow encompassing Taylor, slug-annular
and annular flow regimes in a circular channel of 1.95 mm diameter. For the variation of
pressure gradient with gas superficial velocity, they showed an inflection point at around
Us~ 6-8 ms', where they proposed transition from slug to annular flows occurred. Beyond

the infection point, the pressure gradient increased sharply with increasing Usg.
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Figure 8.10: Inlet pressure measured at the liquid stream near the T-junction mixer for ( ¢ )

Re; =43,(8 ) Re;, = 108, and ( 4 ) Re; =217 as a function of the gas superficial velocity.

For nitrogen-water annular flow heat transfer experiments, evaporation of liquid into the gas
phase is inevitable due to the variation of temperature and pressure along the test section.
Therefore, an accurate prediction of the pressure drop along the system is critical in
evaluating the evaporation rate (Eq. 3.17) and hence the amount of energy that goes into
evaporation (Eq. 3.18). Satisfactory predictions of the pressure drop using the separated flow
model of Lockhart-Martinelli correlation (1949) were reported previously (Bao et al., 2000,
Zhao and Bi, 2001, Kawahara er al., 2002). Figure 8.11 compares the measured inlet pressure
with the values calculated using the Lockhart-Martinelli correlation. Good agreement is
achieved between the experimental data and the predicted values. Though the Lockhart-
Martinelli correlation gives a good representation of the data collected here, it is worth
mentioning that the correlation was not developed specifically for the annular flow regime
but for various flow patterns for conventional channels. Furthermore, it has been reported that
the frictional pressure drop of two-phase flow in microchannels is flow regime dependent
(Triplett et al., 1999b, Bao et al., 2000). Therefore, more experimental data are required to
validate the use of the Lockhart-Martinelli correlation in predicting pressure drop of gas-
liquid annular flow in microchannels or to gain more physical insights for the development of

a new pressure drop correlation.
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Figure 8.11: Comparisons of the measured inlet pressure with the calculated values using the

Lockhart-Martinelli correlation (1949) for ( © ) Re; =43, (8 ) Re;, = 108, and ( A ) Re; = 217.

8.5 Heat transfer

The heat transfer characteristics of non-boiling, nitrogen-water annular flow in a 2 mm
circular channel were studied. Figure 8.12 shows the temperature profiles along the wall,
together with the inlet and outlet temperatures for flows with a fixed liquid flow rate
(Re; =43) and various gas flow rates (530 < Reg < 2890) for the same heat input Q;, = 4.7 W.
For comparison, the data collected for single-phase liquid flow (Re; = 43) are also shown in
Figure 8.12. The wall and outlet temperatures for gas-liquid annular flow are significantly
lower than those of the single-phase liquid flow, indicating a more effective cooling with the
introduction of the fast moving gas. It is also note that the cooling efficiency increases with
increasing gas flow rate. Similar experimental observations were reported experimentally by
Bar Cohen ef al. (1995) and Liu e al. (2006). Both studies suggested that the high cooling
ability of gas-liquid annular flow is attributed to the coupled evaporative cooling and

convective heat transfer.
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Figure 8.12: Temperature profiles along the wall, inlet and outlet temperatures for flows with
a fixed liquid flow rate (Re; = 43) and various gas flow rates (530 < Reg < 2890) for the same
heat input, Q;, =4.7 W.

The heat transfer rates for gas-liquid annular flow were determined in the same manner as
that used for Taylor flow heat transfer. Figure 8.13 shows the variation of the normalized
Nusselt number and the proportion of the total heat input go to evaporation with the gas
Reynolds number for corresponding conditions used in Figure 8.12. The value of Nu* first
decreases with increasing Reg then remains relatively constant for 1060 < Reg < 2890. The
trend is different from that reported by Bao (1995) and Bao et al. (2000) who showed the heat
transfer coefficient increased monotonically with the gas Reynolds number at constant liquid
flow rate for Re; > 1000 for conditions where evaporation was negligible. For the present
study conditions, it is noted that significant fraction of heat input ends up in evaporation and
the amount of energy increases with increasing gas flow rate. As evaporation occurs, the
composition of the gas and liquid phases varies along the tube. Estimating the bulk
temperature using the homogeneous properties at the inlet (Eq. 3.15 and 3.16) is of concern.
Nonetheless, the results confirm that the evaporative cooling contributes appreciably in the

heat transfer enhancement brought about by the gas-liquid annular flow observed here.
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Figure 8.13: Variations of the normalized Nusselt number ( ®) and the fraction of
evaporation energy () with the gas Reynolds number for corresponding conditions used in

Figure 8.12.

8.5.1 Effect of evaporation

To have better understanding of the effect of evaporation for nitrogen-water annular flow in a
microchannel, a series of experiments without heating for the above flow conditions (Re; =
44 and 530 < Reg; < 2890) were conducted and the results are shown in Figure 8.14. While
the wall temperature profile shows only a minor effect of evaporation for flow with relatively
lower gas flow rates (Re; = 530 and 1060), evaporation becomes more significant for flow
with higher Reg (1930 and 2890) for which the wall temperatures drop below the ambient
temperature (7,) and decrease along the test section. Also, the outlet temperature drops below
the inlet liquid temperature. As the system pressure drops along the test section, evaporation
take place at the gas-liquid interface. Since no heating was supplied to the system which was
well insulated, the evaporation energy can only be drawn from the internal energy of the
water or nitrogen, resulting in a decrease of the liquid and gas temperature and subsequently
the wall temperature. Such evaporative cooling is more apparent for flows with higher gas

flow rates due to the more significant pressure drop along the test section.
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Figure 8.14: Temperature profiles along the wall, inlet and outlet temperatures for annular

flows with a fixed liquid flow rate (Re; = 43) and various gas flow rates (530 < Reg < 2890)

without heating. The lines of corresponding colours are adiabatic saturation temperature

estimated using Aspen HYSYS software.

The adiabatic saturation temperature along the tube was estimated using Aspen HYSYS

software with the pressure drop determined using the Lockhart-Martinelli correlation. Figure

8.15 shows a schematic of the process flowchart used in Aspen HYSYS to determine the

equilibrium temperature.

N, + Water

N, + Water vapor

Mixer

Nitrogen-water mixture

Water

Water

Figure 8.15: Schematic of Aspen HYSYS process flowchart.
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The calculated values are compared with the experimental data in Figure 8.14 and reasonably
good agreement was achieved. The small discrepancy can be attributed to the combined
effects of the inaccuracy of the thermocouples used and the estimation of the pressure drop
along the test section, as well as the uncertainty of the degree of saturation of the gas inlet.
Nonetheless, the results suggest that it might be possible in future work to determine the local
pressure from measurements of the wall temperature profile when the inlet conditions,
including the gas and liquid inlet temperatures, degree of saturation of the gas inlet, are

known.

The effect of evaporation for nitrogen-water annular flow heat transfer at different wall heat
fluxes for constant liquid and gas flow rates (Re;, = 43 and Reg= 1930) is shown in Figure
8.16. The outlet temperature would follow the line for Qz/Q;, = 0, if there were no
evaporation taking place in the system. However, for the annular flow conditions studied here,
evaporation is always important and cannot be decoupled from the convective heat transfer.
As the heat input increases from 4.7 W to 68.3 W, a larger portion of the heat input (from
50% to ~75%) goes to evaporation. This coupling effect enhances the complexity of
understanding the heat transfer characteristics of annular flow considerably. As the liquid
film evaporates, its thickness decreases gradually along the test section. Also, estimation of
the bulk temperature in the same manner as was done for Taylor flow using the homogeneous

properties at the inlet may no longer be correct.
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Figure 8.16: The variation of the outlet temperature with the wall heat flux for fixed liquid
and gas flow rates (Re;, = 43 and Reg = 1930). The lines are the calculated outlet temperature
for which a fixed portion of the heat input (Qg/Qi, = 0, 0.2, 0.5, 0.7 and 0.8) goes to

evaporation.

8.6 Summary

A bare tube heating test section with a much smaller time constant (~5 ms) than that of the
multi-block heating test section (~200 s) was constructed to investigate the heat transfer
characteristics of gas-liquid annular flow in microchannels. The effect of wall characteristics
of the test section on Taylor flow heat transfer was first examined. Similar heat transfer rates
were obtained for the two different heating systems, suggesting a minor effect of the thermal
capacity of the test section on Taylor flow heat transfer. Taking advantage of the small time
constant of the bare tube heating test section, the operation time for gas-liquid two-phase heat

transfer experiments was reduced from hours to minutes.

Preliminary visualization and heat transfer tests of gas-liquid annular flow in a vertical

upward tube of d = 2.00 mm were performed for different flow conditions (2 < Re;, < 217,
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530 < Reg < 2890). Various experimental challenges in studying the flow and heat transfer

characteristics of this flow regime have been identified and recommendations for further

study are summarized:

1.

When ethylene glycol was used as the liquid phase, many small gas bubbles were found
to disperse in the liquid film, giving rise to higher complexity in understanding the flow
and heat transfer characteristics for this flow pattern. Since ethylene glycol has a similar
refractive index as that of the silica tube, the gas-liquid interface can be directly
visualized to allow direct measurement of the average film thickness and characterization
of the transient waviness. Therefore, the generation of an annular flow without small
bubbles distributed in the liquid film would be beneficial to investigate the relationship
between the flow characteristics (average film thickness, wave amplitude, wave
frequency, etc.) and heat transfer rates. This may be achieved by using other inlet
geometries, for example flow focusing mixing devices, co-flowing configurations, etc.,
which allow the liquid phase to form a film at the wall without significant mixing with the

gas phase at the mixing zone.

The transient waviness at the gas-liquid interface for nitrogen-water annular flow was
captured successfully and found to be asymmetric with waves being observed to
propagate along the flow direction. The frequency of the waves was found to increase
with increasing gas and liquid flow rates. While the wave amplitude increased with
increasing liquid flow rate, it decreased with increasing gas flow rate. Though the
visibility at the near wall region were enhanced by employing a longer aperture opening
time, the effect of refraction at the inner curved surface of the tube due to the mismatch of
refractive indices between the liquid phase and tube material still existed. In addition, the
sharpness of the images, which is very important to capture the highly transient structure,
was compromised. Replacing the silica tube (R.I = 1.46) by fluorinated ethylene
propylene (FEP) Teflon tube which has similar refractive index (R.I. = 1.35) as that of
water (R.I. = 1.33) for nitrogen-water annular flow may improve the image quality
significantly. Since the surface of natural FEP tube is hydrophobic, surface treatment may
be required to create a hydrophilic inner surface to allow the formation of a continuous

liquid film at the wall.
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3. Preliminary heat transfer experiments showed that the wall temperatures for non-boiling
nitrogen-water annular flow were significantly lower than those for single-phase flow of
the same liquid flow rate (Re, = 43). The wall temperature was found to be the lowest for
flow with the largest gas flow rate (Rey = 43, Rei = 2890). The heat transfer enhancement
brought about by the nitrogen-water annular flow was attributed to a combination of
evaporation of the liquid film and convective heat transfer. It is found that the effect of
evaporation cannot be decoupled from the convective heat transfer when water was used
as the liquid phase. Complexity in understanding the annular flow heat transfer
characteristics then arises from the coupling of these two heat transfer mechanisms.
Further experiments need to be conducted using a liquid with negligible vapour pressure

to decouple the two heat transfer mechanisms.

4. Reasonably good agreement was achieved between the wall temperature profiles for gas-
liquid annular flow without heating and those obtained based on adiabatic saturation
calculation. This finding opens up a possibility for local pressure measurements by
simply measuring the wall temperature along the tube. The validation of this method have
to be confirmed by more accurate measurements of the inlet conditions, including the gas

and liquid inlet temperatures and degree of saturation at the gas inlet.
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Chapter 9

Conclusions and Recommendations

This thesis presented a comprehensive experimental study of the hydrodynamics and heat
transfer characteristics of non-boiling, gas-liquid Taylor flow in microchannels for vertical
upward flow. Analysis of data collected across a wide range of conditions was performed to
understand the underlying physical mechanisms governing the hydrodynamics and heat
transfer of Taylor flow. The gravitational effect on horizontal Taylor flow which has
generally been neglected in the past was examined and quantified. Preliminary non-boiling,
gas-liquid annular flow visualization and heat transfer experiments were performed to
identify the potential experimental challenges for study of this flow regime in microchannels.
This Chapter summarizes the conclusions drawn from this work and provides

recommendations for future research in the field.

9.1 Conclusions

9.1.1 Experimental design

The thickness of the fully-developed film surrounding the gas bubbles and size and intensity
of the recirculation zone inside the liquid slug region are expected to have significant effects
on the heat transfer enhancement brought about by Taylor flow in microchannels. The
dependence of these flow characteristics on the fluid properties as expressed in terms of the
Capillary number is well documented (Bretherton, 1961, Taylor, 1961, Thulasidas et al.,
1997). Therefore, experiments were performed in a 2.00 mm diameter vertical upward
circular channel using water (W), 50 wt% ethylene glycol/water mixture (EG/W) and pure
ethylene glycol (EG) as the liquid phases to cover a wide range of Capillary numbers (0.001

< Ca < 0.180) for the investigation of its influence on the heat transfer rate of Taylor flow.

The slug length, as another important parameter controlling the heat transfer rate of Taylor
flow, was either not well-controlled and/or its effect was coupled with other flow parameters
for experimental studies in the past (Oliver and Wright, 1964, Oliver and Young Hoon, 1968).

A reliable and repeatable technique to produce Taylor bubbles using a T-junction mixer was
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established. Moreover, three T-junction mixers of different internal diameters were used to
generate bubbles and slugs of different lengths for the same mixture velocity and
homogeneous void fraction. Therefore, a direct examination of the effect of slug length on
Taylor flow heat transfer without the interference of the effects of the mixture velocity and

homogenous void fraction was achieved.

9.1.2 Flow and heat transfer characteristics of vertical upward Taylor flow

Taylor flow with regular bubble and slug lengths was first characterized by performing
visualization tests under isothermal condition (21 °C). The range of slug lengths studied in
this thesis varied from 1 to 220 tube diameters for the range of mixture velocity of 0.10 < Urp
< 0.53 ms’ and homogeneous void fractions in the range 0.03 < S < 0.90. High quality
pictures showing a clear gas/liquid interface at the near wall region were achieved by
matching the refractive indices of the silica tube and ethylene glycol used as the liquid phase.
The trends of the experimental film thickness and the ratio of the void fraction to the
homogenous void fraction (g5/f) with the Capillary number were found to agree well with
the established literature (Irandoust and Andersson, 1989a, Aussillous and Quéré, 2000, Liu
et al., 2005). Scatter of these values was observed at a given Capillary number due to the use
of different homogeneous void fractions (#). A modified scaling law based on the work of

Garstecki et al. (2006) was proposed to predict the bubble lengths and is given by

Ly (dy\’

FB = (71") <a1 +a, —Qﬁ) (9.1)
where a; = 1.10 and a, = 1.25. Generally, good agreement was found between the
generated bubble length and the predicted values, with most of the experimental data falling

within +30% of the predictions. For flows where the curvature of the bubble caps and tails

can be neglected, the corresponding slug length can be approximated as Lg = Lg(1 — 8)/f.

Systematic heat transfer experiments for well-characterized Taylor flow were performed for
constant wall heat flux boundary conditions using a multi-block heating section. The
maximum heat transfer enhancement achieved in the present study was 3.2 times that of
single-phase fully-developed laminar flow. The dependencies of the heat transfer rate on the
slug length, mixture velocity, homogenous void fraction and fluid properties were identified.

The two-phase Nusselt number was found to increase with increasing mixture velocity with

173



Chapter 9: Conclusions and Recommendations

its influence being more pronounced for flow with shorter slugs. For the same mixture
velocity and homogeneous void fraction, flow with shorter slugs gave a higher heat transfer
rate because the number of complete cycles of liquid recirculation in the same heating length
increases with decreasing slug length, leading to more intensive transport of hot fluid from
the region near the wall to the tube centre. Due to the combined effects of the presence of
internal recirculation zones inside the liquid slug and the reduction of the thermal mass with
the introduction of the gas, an optimal homogenous void fraction was found for Taylor flow
heat transfer. The value of £ at which the maximum heat transfer rate occurred varied
between 0.1 < # < 0.3, depending on the mixture velocity, unit cell length, as well as the fluid
used. For a similar mixture velocity, homogeneous void fraction and slug length, the order of

heat transfer augmentation was always found to be W > EG/W > EG.

9.1.3 Taylor flow heat transfer modelling

Heat transferred from the wall in Taylor flow goes alternately to the bubble and slug regions
as a succession of bubble and slug passes through the system. Analysis of Taylor flow heat
transfer was, therefore, performed on a unit cell basis which consists of a gas bubble
surrounded by a thin liquid film and a liquid slug. Three physical mechanisms governing the
heat transfer of Taylor flow were suggested: (1) heat transfer from the wall to the bubble film,
where it accumulates until the passage of the next slug; (2) heat transfer from the bubble film
to the liquid slug, and (3) heat transfer from the wall to the recirculating slug. Depending
upon the wall boundary conditions imposed on the system, the bubble film plays different
thermal roles for the thermally fully-developed regions. While it is largely irrelevant for a
constant wall temperature boundary condition, it provides a significant energy storage region
for a constant wall heat flux boundary, with that energy being taken up by mixing with the
overtaking slug. Regardless of the boundary conditions imposed, most of the heat is carried
by the liquid slug for gas-liquid Taylor flow. Therefore, the overall heat transfer coefficient
(hrp) is just that arising in the slug where the contact surface with the wall/liquid film has an

area proportional to Lg/Ly.

Since the flow and heat transfer behaviour in the slug remains hydrodynamically and
thermally developing laminar flow, a good correlation was found between the slug heat
transfer coefficient (Nu; = Nugp * Lyc/Ls) and the dimensionless slug length equivalent to

an inverse Graetz number based on the slug length (Lg = Lg/(Rerp - Pr - d)). A Hausen-type
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correlation was developed specifically for nitrogen-water Taylor flow heat transfer, due to its
potential for industrial use and is given by

G

Nu,f = NuLo + (92)

Ly + e, L3
where ¢; = 0.29 and ¢, = 0.15. The correlation described the experimental data using water as
the liquid phase with an accuracy of +20% of the measured values, but it did not provide an
accurate description for other fluids. It was found that the result for individual fluids followed
the general form for heat transfer in developing laminar flow, with Nuj = f(Lg) specific to

each fluid.

The difference in the heat transfer performance observed for different fluid systems is
attributed to the different flow structures, including the thickness of the film surrounding the
bubble and the strength of the recirculation inside the liquid slug, which depends strongly on
the fluid properties expressed in terms of the Capillary number. The slug recirculation
impacts on the heat transfer process in the slug through interactions between the bubble film
and the recirculating flow in the slug, which was also found to be a strong function of the

Capillary number.

An empirical model correlating all the identified dimensionless groups, including the
apparent slug Nusselt number, the dimensionless slug length and the Capillary number, was

proposed for the heat transfer of Taylor flow, taking the form
Nu] = Nuyo + c3(Ls)P(Ca)? (9.3)

where ¢; = 0.13, p = —0.46 and q = —0.30. Good agreement between the experimental data
obtained for all fluid systems and the correlation was achieved, indicated by a small relative

standard deviation (14%).

9.1.4 Gravitational effect on horizontal Taylor flow

Neglecting the effect of gravity for horizontal gas-liquid Taylor flow in millimetre-size
channels may not always be appropriated. Significant bubble asymmetry was observed for
nitrogen-ethylene glycol Taylor flow in three circular channels of different internal diameters

(d=1.12, 1.69, 2.12 mm giving Bond numbers (Bo) of 0.287, 0.653 and 1.028). High quality
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white light images were digitized to allow direct comparison of the top and bottom halves of
the bubble on the vertical plane passing through the channel axis. The results showed that the
thickness of the top film decreased gradually while that of the bottom film increased along
the bubble. In addition to the axial variation, the film thickness surrounding the bubble was
found to increase from the top to the bottom of the tube. From the parametric study, the Bond
(Bo) and Capillary (Ca) numbers were identified as important parameters controlling the

drainage flow.

uPIV measurements indicated a significant gravity-induced drainage flow from the top to the
bottom of the channel in the film region across the bubble. For a region far from the bubble
ends, the axial velocity was negligible when compared with the drainage velocity. The
drainage velocity was found to increase from the wall to the gas/liquid interface and to adopt
a parabolic profile. A simplified model derived based on Nusselt’s solution for laminar film
condensation on a horizontal tube described reasonably well the drainage velocity profile in
the liquid film at a cross-section away from the bubble ends. A non-dimensional analysis of
the model showed that the ratio of the average drainage to bubble velocities is a function of

the Bond and Capillary numbers as follows

U; 045-Bo-Ca'/3
Urp (14 3.35Ca?/3)?

sind (9.4)

The gravitational effect on the bubble behaviour vanishes for small value of Bo and/or Ca.

The drainage model was also able to explain the measured tilt of the bubble.

No significant influence of gravity on the heat transfer rates of Taylor flow in a 2.00 mm
microchannel was observed between the horizontal and vertical heating systems, regardless
of the non-uniform film thickness surrounding the gas bubble noted in the horizontal flow
direction. This is consistent with the physical picture of Taylor flow heat transfer developed

1n this thesis.

9.1.5 Annular flow

A bare tube heating test section with a short thermal time constant (~5 ms) was constructed to
investigate the heat transfer characteristics of gas-liquid annular flow in microchannels.

Various experimental challenges in studying the flow and heat transfer characteristics of non-
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boiling, gas-liquid annular flow were identified through performing preliminary visualization
and heat transfer tests in a vertical upward flow in a 2.00 mm diameter tube for different flow

conditions (2 < Re; <217, 530 < Reg < 2890).

Many small gas bubbles were found to disperse in the liquid film when ethylene glycol was
used as the liquid phase. The waviness at the gas/liquid interface for nitrogen-water annular
flow was found to be highly transient and asymmetric. The wave frequency was found to
increase with both the gas and liquid flow rates. While the wave amplitude increased with

increasing liquid flow rate, it decreased with increasing gas flow rate.

Preliminary heat transfer experiments showed significant heat transfer enhancement brought
about by the nitrogen-water annular flow. This augmentation was attributed to the
combination of evaporation of the liquid film and convective heat transfer. Using water as the
liquid phase, it was found that the effect of evaporation cannot be decoupled from the

convective heat transfer.

9.2 Recommendations for future work

9.2.1 Taylor flow

The insights provided in this thesis have improved the understanding of the hydrodynamics
and their relation to heat transfer of non-boiling, gas-liquid Taylor flow in circular

microchannels significantly. Nonetheless, there are areas which require further investigation.

e The long thermal development length observed for systems using ethylene glycol/water
mixture and ethylene glycol as the liquid phase was not found in the nitrogen-water
system, regardless of the similar ranges of Péclet number for all systems. Explanation to
account for the difference is lacking, but knowledge of this could be useful for reactor

designs employing Taylor flow.

¢ Channels with a non-circular cross-sectional area are encountered in many microchannel
heat exchangers and micro-fluidic devices. However, the understanding of the heat
transfer characteristics of gas-liquid Taylor flow in non-circular microchannels is far less
well developed than that for circular channels. The liquid film surrounding the bubble in

these channels is no longer of constant thickness around the perimeter of the channel and
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the recirculation zone may not be symmetric about the channel axis. Therefore, the heat
transfer behaviour may be very different from that observed in circular microchannels.
Further study on Taylor flow heat transfer in non-circular channels is worthwhile due to

its practical relevance.

9.2.2 Annular flow

Given that the study of the flow and heat transfer characteristics of non-boiling, gas-liquid

annular flow is still in its infancy, suggestions for further research are given.

Good mixer designs to generate annular flow without tiny bubbles dispersing in the liquid

film region are crucial for further study.

Flow characteristics, including the average film thickness, wave amplitudes and
frequency and the flow field inside the liquid film, could be important for the prediction
of pressure drop, heat and mass transfer of annular flow in microchannels. Development
of experimental techniques to collect such information is essential for a comprehensive

study.

Complexity in understanding the non-boiling, gas-liquid annular flow heat transfer
characteristics arises from the coupling of evaporative and convective heat transfer
mechanisms. Experiments conducted using a liquid with a very low vapor pressure to
decouple the two heat transfer mechanisms would provide an important step for better
understanding of the effect of the flow characteristics on the convective heat transfer

behaviour of annular flow.

The development of an evaporation model would be valuable to estimate the evaporative
contribution to the overall heat transfer behavior for systems where evaporation is not

negligible.
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Appendix

Appendix A: Micro-Particle Image Velocimetry (uPIV) System

Setup

A picture of the actual pPIV system from ILA is given in Figure Al, and consists of a dual
cavity diode pumped Nd:YLF laser (New Wave Research, Inc., Pegasus), an inverted epi-
fluorescent microscope (Olympus IX71), a high-speed PIV camera (Photron Fastcam 1024
PCI) and a control system (ILA synchroniser) synchronising the cameras with the laser pulses
for high speed measurements. Another setup with side-positioned microscope is used in this

thesis to study both vertical and horizontal flows, as seen in Figure A2.

Figure Al: A detailed description of the uPIV system in the laboratory. (1) Dual cavity, (2)
Power supply and control unit, (3) Chiller, (4) ILA synchroniser, (5) Epi-fluorescent
microscope, (6a & b) High-speed PIV cameras, (7) Optic fibre, (8) Beam trap, (9)

[llumination pillar and (10) Test section. Taken from Fouilland (2008).
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Figure A2: The vertical microscope setup used in this work.
Data analysis

Images were recorded using this pPIV system with a 10x objective giving an area of view of
1.74 x 1.74 mm” at full 1024 x 1024 pixels resolution. Raw images were pre-processed using
the ImagelJ software to improve the image contrast by removing low-intensity images of out-
of-focus particles, before they were analysed using the Vidpiv software package from ILA to
yield velocity fields. As shown in Figure A3, the Vidpiv software has a tree-type interface

where each node represents a particular function.

= Untitled
= ‘ Importation (Dual)
X Linear Mapping
+## Regular Timing
Image Annotations
- M Cross Correlation
i Grid Description
= Window Velocity Filter
= # Velocity Filter (Local Median)
= "% Interpolate Outliers
- %, Velocity Smoothing
= . Adaptive Cross Correlation
o® Grid Description
= Window Velocity Filter
= # Velocity Filker (Local Median)

Yelocity Record

‘ Importation (Single)

Figure A3: Typical post-processing tree of Vidpiv from ILA.
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After importing image pairs via the Importation (Dual) node, the Linear Mapping node is
used for scaling the pixel unit to real units based on a calibration image (i.e. image of a
micro-ruler) imported via the Importation (Single) node. The timing information of the
acquired images, such as the measurement frequency and the pulse interval, is edited through
the Regular Timing node. Image Annotations node is employed to mask regions without valid
data or corresponding to flow boundaries. The image is then divided into small interrogation
regions which generally overlapped by 50%, and a cross-correlation algorithm (based on a Fast
Fourier transform) is used to estimate statistically the average displacement of the particles in
each interrogation window. The size of the interrogation window depends on the particle
concentration and on the magnitude of the particle displacement (64 pixels x 64 pixels with
spatial resolution 110 pm x 110 pm were used for most cases). The Cross Correlation node is
followed by a global and a local filter functions to remove the scattered values in the vector
map. The Window Velocity Filter node (global) discriminates the individual vectors by
comparing whether they are consistent or not with the whole vector map. The Velocity Filter

(Local Median) node filters the remaining erroneous velocity vectors by comparing whether they are

consistent with their nearest neighbours.

To improve the accuracy of the PIV measurements, an adaptive cross-correlation method,
which uses a complex interrogation window deformation technique, is used. First a complete
vector map is generated by replacing filtered vectors using an interpolation and a velocity
smoothing functions (Interpolate Outliers node and Velocity Smoothing node) to achieve a
higher data density. Then the adaptive cross-correlation with smaller interrogation areas (32
pixels x 32 pixels with spatial resolution 55 um X 55 um) is performed to generated vector
map with higher spatial resolution. Finally, the Velocity Recording node enables the export
of velocity data as a function of time to Excel to enable the determination of average mean

velocity field.

Measurement depth

Based on the assumption that only particles observed with intensities above 10% of the
maximum contribute to the measurement, Meinhart et al. (2000) provided a formula (Eq. Al)

to estimate the measurement depth z,-

_ 3(R1)/10 2'16dparticle
Zeorr = (NA)Z tan + dparticle

(A1)

192



Appendix

where RI is the refractive index of the imaging medium, A, is the wavelength of the imaged
light in vacuum, NA is the numerical aperture of the microscope objective, 8 is the light
collecting angle of the microscope objective (NA = n sin 8) and dpq;¢icie is the fluorescent

particle diameter.

According Eq. Al, the measurement depth achieved with a 10x, 0.3 N.A. objective with 3
pum particles suspended in ethylene glycol (RI = 1.432) is of the order of 40 pm. However,
the images were pre-processed (ImageJ) to eliminated low-intensity out-of-focus particles.

Therefore, the effective depth of measurement is < 20 pm.

The focusing knob of the microscope was motorised using a step motor to enable probing of
velocity data at different chosen depths (z). Each step of the motor corresponded to 1 pm

displacement. The actual distance between two probing locations, Az, is determined as
Az = 1.432Ng (A2)

where 1.432 is the refractive index of ethylene glycol and Ns is the number of steps which

the objective is moved with the step motor.

Taylor flow PIV measurement

Due to limitations in the micro-PIV technique, it is not possible to measure velocities of the
near wall liquid in the bubble and slug regions at the same time. To obtain velocity profiles in
the liquid film, the PIV conditions (pulse separation) and analysis procedure (image pre-
processing) were optimized to resolve film velocities during the passage of gas bubbles. For
each flow condition, the measurements were carried out at different depths in the liquid film
from the wall to the gas-liquid interface. At each depth about 500 pairs of images, covering
the passage of at least four gas bubbles, were recorded and analysed. Only a small region of
the flow close to the horizontal centreline of the channel was used for the PIV analysis to
yield an instantaneous average velocity, v(z,f). A drainage velocity profile in the liquid film

was then established by taking the average drainage velocity across the bubbles at each depth.

To study the effect of gravitation on the flow field inside the liquid slug region, the PIV
conditions and analysis procedure were optimized to measure the slug velocity at the vertical

channel centre.
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