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Introduction

Global climate change caused by the increasing atmospheric 
concentration of greenhouse gases such as carbon dioxide 
(CO2), has led to great interest in the development of 
CO2 capture and storage (CCS) technologies [1–5]. Among 
them, the amine-based postcombustion CO2 capture tech-
nique is likely to be the first technology applied on a 
large scale for CO2 capture from fossil fuel combustion 
and energy-related processes [6]. One of the major chal-
lenges of the amine-based postcombustion capture (PCC) 
technology in commercial use is the substantial energy 

penalty involved in the CO2 capture process, especially 
the regeneration energy that accounts for more than 50% 
total energy consumption [7, 8]. While significant efforts 
have been devoted to the development of novel solvents 
[9, 10] that have outstanding performance in terms of 
high CO2 absorption rates or capacities and low energy 
consumption of solvent regeneration, the commercial 
application of these advanced solvents is still immature 
and requires more efforts to test their technical and 
economic feasibility on a large scale. In comparison, aque-
ous monoethanolamine (MEA), a simple and cheap amine, 
is still widely recognized as a first choice or at least the 
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Abstract

In this paper, we present improvements to postcombustion capture (PCC) pro-
cesses based on aqueous monoethanolamine (MEA). First, a rigorous, rate-based 
model of the carbon dioxide (CO2) capture process from flue gas by aqueous 
MEA was developed using Aspen Plus, and validated against results from the 
PCC pilot plant trials located at the coal-fired Tarong power station in Queens-
land, Australia. The model satisfactorily predicted the comprehensive experimental 
results from CO2 absorption and CO2 stripping process. The model was then 
employed to guide the systematic study of the MEA-based CO2 capture process 
for the reduction in regeneration energy penalty through parameter optimization 
and process modification. Important process parameters such as MEA concen-
tration, lean CO2 loading, lean temperature, and stripper pressure were optimized. 
The process modifications were investigated, which included the absorber in-
tercooling, rich-split, and stripper interheating processes. The minimum regen-
eration energy obtained from the combined parameter optimization and process 
modification was 3.1  MJ/kg CO2. This study suggests that the combination of 
a validated rate-based model and process simulation can be used as an effective 
tool to guide sophisticated process plant, equipment design and process 
improvement.
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benchmark solvent for PCC technology, due to the fast 
CO2 absorption rate and mature technology commercially 
applied in the gas processing industry [11].

Considerable efforts around the world have been made 
toward the commercialization of the MEA-based CO2 
capture technology in coal-fired power stations. 
Experimentally, plenty of academic research work including 
laboratory- and pilot-scale experiments have been carried 
out to deeply understand the chemical reaction mechanism 
and to evaluate the technical, economic, and environmental 
feasibility of this technology [12, 13]. Parallel to the 
experimental activities, several process simulators such as 
Aspen Plus [14–16], Aspen HYSYS [17], gProms [18], 
Fortran [19, 20] etc. were used to thermodynamically or 
kinetically simulate the absorption/stripping process in order 
to guide process optimization and development for energy 
efficiency. The research findings, however, suggest that 
commercial application for large-scale CO2 reduction using 
aqueous MEA will still require significant technology 
advancements with respect to (1) the energy consumption, 
(2) solvent degradation, (3) absorption capacity, and (4) 
equipment corrosion. Among them, the large energy penalty 
associated with solvent regeneration constitutes a major 
obstacle for this technology in commercial use. The specific 
heat requirement of solvent regeneration in the MEA pro-
cess is generally around 3.6–3.8  MJ/kg CO2 [17, 21–23], 
which will lead to a significant drop of net power plant 
efficiency. For example in Australia, the energy consump-
tion for solvent regeneration and operation of the PCC 
plant will lead to typically 10%-points decrease in net 
power generation efficiency if a PCC plant with 90% cap-
ture efficiency is integrated into a new black coal-fired 
power station, consequently resulting in more than doubling 
the cost of electricity generation across the board [24]. 
Reducing the energy requirement of solvent regeneration 
is therefore imperative in order to push forward MEA-
based capture technology.

The optimization of the PCC plant including parameter 
optimization and process modification seems to be an 
effective method to reduce the energy penalty involved 
in the CO2 capture process. Salkuyeh et al. [25] and Abu-
Zahra et  al. [26] carried out a parametric study and 
showed that the process operating conditions have a great 
impact on the stripper reboiler duty. These studies high-
lighted that the parameters of the CO2 capture process 
should be optimized to determine the best conditions 
that minimize the energy demand. Cousins et  al. [27, 28] 
evaluated sixteen different process configurations aiming 
at reducing the energy consumption of amine processes, 
while Karimi et  al. [29] studied five different stripper 
configurations with respect to savings in capital cost and 
energy consumption. Their results show that the advanced 
process configurations such as the absorber intercooling, 

rich solvent split, stripper interheating, etc. play an im-
portant role in the energy saving of stripper reboiler duty. 
Moreover, Freguia et  al. [30] and Leonard et  al. [31] 
investigated both the parameter optimization and process 
modification, and indicated that the energy consumption 
had a great potential to be significantly reduced by the 
combination of these two process improvements.

Since large-scale PCC plants are very expensive to be 
built for research purposes, the rigorous process and 
equipment modeling is an efficient and economic tool 
for evaluating the performance of these process improve-
ments. A rigorous rate-based model enables an accurate 
description and characterization of CO2 absorption/strip-
ping processes taking place along the packed column, such 
as mass and heat transfer across the gas and liquid phases, 
chemical reactions, material and energy balance, and hy-
draulic properties, etc. [32]. Aspen Plus®, a commercial 
software, has been widely used as an effective simulator 
to study the CO2 capture process and evaluate the energy 
demands involved in PCC, specifically the stripper reboiler 
heat requirement [14–16, 33]. However, process modeling 
cannot always ensure sufficient confidence in the process 
performance in a commercial sense and sometimes even 
generates unpractical results due to a lack of necessary 
experimental validation from pilot plant results. Therefore, 
the combined work of pilot plant trials and process simu-
lation would be the most appropriate way to develop the 
PCC plant economically and effectively.

In 2010, CSIRO in collaboration with Stanwell 
Corporation Limited based in Queensland, Australia, con-
structed a PCC pilot plant with a designed CO2 capture 
rate of ~100  kg/h using aqueous MEA and real flue gas 
containing 11.0–13.5% CO2 from Tarong power station 
[27, 34]. Using the pilot plant results, a rigorous, rate-
based model was developed in Aspen Plus® V7.3 and used 
to evaluate the MEA-based CO2 capture process. The model 
was validated against the experimental data from Tarong 
pilot plant trials in terms of the key parameters of both 
the absorber column and stripper column. Systematic stud-
ies including process parameter optimization and flow 
sheet modifications were investigated to significantly reduce 
the regeneration energy consumption.

Rate-based Model Development

Model description

The commercially available Aspen Plus® software was used 
to simulate the MEA-based CO2 capture process. The 
process model consists of a thermodynamic model, a 
transport model, and a rate-based model. To simplify the 
process modeling, the absorber simulation and stripper 
simulation were conducted independently. In the stripping 
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modeling, the inlet stream was copied from the outlet 
stream from the CO2 absorber, and vice versa. It should 
be noted that although this simple method would slightly 
deviate the material balance of the absorption-desorption 
system, the marginal deviation has little effect on the 
technical and energy performance of the MEA process.

Physical and chemical properties

Rigorous physical and chemical properties are fundamentally 
essential for the model to accurately evaluate the performance 
and characteristics of the CO2 capture process by aqueous 
MEA. In this simulation, the electrolyte non-random two-
liquid (NRTL) method and the RK (Redlich–Kwong) equa-
tion of state were used to compute liquid properties (activity 
coefficient, Gibbs energy, enthalpy, and entropy) and vapor 
properties (fugacity coefficients) of the model MEA-CO2-
H2O system, respectively. This electrolyte NRTL model has 
been validated to accurately predict the vapor–liquid equi-
librium, aqueous speciation, heat capacity, and CO2 absorp-
tion enthalpy of the MEA–H2O–CO2 system with a wide 
application range: MEA concentration up to 40wt.%, CO2 
loading up to 1.33, temperature up to 443  K and pressure 
up to 20  MPa [35]. These conditions cover all the condi-
tions used in the pilot plant and simulations studied. The 
gases CO2, N2, and O2 were selected as Henry-components 
to which Henry’s law was applied. The Henry’s constants, 
transport and thermal properties of the MEA-CO2-H2O 
system were retrieved from the Aspen Plus databanks, which 
have been proved to accurately describe the physical and 
transport characteristics based on experimental data [35].

The electrolyte solution chemistry of the MEA-CO2-H2O 
system was modeled taking into account the equilibrium 
and kinetic reactions shown in Table  1. The equilibrium 
constants for reactions (1)–(4) were calculated from the 
standard Gibbs-free energy change and the rate constants 
for reactions (5)–(8) were taken from the work of Pinsent 
et  al. [36] and Hikita et  al. [37]. The equilibrium and 
kinetic parameters have been built and updated in Aspen 
Plus databases and are described in more details elsewhere 
[14–16].

Rate-based modeling

The rate-based model validation of the CO2 capture pro-
cess using aqueous MEA was carried out based on the 
Tarong pilot plant configuration as shown in Figure  1. 
The RateSep simulator embedded in Aspen Plus was used 
to simulate the aqueous MEA-based CO2 capture process. 
This simulator allows the user to divide the tray column 
or packed column into different stages and provides more 
accurate and detailed description of CO2 absorption 
behavior at each stage based on the material and energy 
balance. In order to reflect the actual pilot MEA process, 
the rate-based model used the same column parameters 
as the pilot plant, such as packing material, column di-
ameters, and packed heights. Table  2 lists the column 
parameters of both the CO2 absorber and CO2 stripper 
together with the primary correlations and settings of the 
rate-based absorber/stripper model. The interfacial area 
factor was varied from 1.0 to 2.0 to provide a good agree-
ment between experimental and simulation results. The 
value 1.8 was chosen due to the excellent agreement 
between the experimental and simulation results. This was 
shown by the average relative error deviations between 
experimental and simulation results of 2.7% for CO2-rich 
loading, 5.8% for CO2 absorption rate, 1.3% for reboiler 
temperature, 0.3% for CO2 purity, and 4.0% for the re-
generation energy. Given the 10% uncertainty associated 
with the comparison between predicted and pilot results 
[14], the proposed rate-based model enabled a reasonable 
prediction of the CO2 absorption and desorption process. 
Details are discussed further in the next section.

Model validation against Tarong pilot plant 
results

The CO2 capture process using aqueous MEA in the 
Tarong PCC pilot plant consisted of two major parts: 
the absorption and desorption processes. Accordingly, the 
rate-based modeling for the MEA process was carried out 
through the validation of the packed absorber column 
and stripper column, respectively. Table  3 summarizes 
the operating conditions and pilot results of both the 
CO2 absorber and CO2 stripper, together with the simula-
tion results based on the conditions of the 22 pilot plant 
trials.

Performance of CO2 absorber

The CO2 absorption rate is considered one of the most 
significant indicators for developing a reliable rate-based 
model, as it closely represents the reaction properties such 
as equilibrium and kinetic constants. Figure  2A shows 
the excellent match between model results and pilot plant 

Table 1. Chemical reactions in the MEA-CO2-H2O system.

No. Type Reactions

1 Equilibrium 2H2O ↔ H3O+ + OH−

2 Equilibrium CO2 + 2H2O ↔ H3O+ + HCO3
−

3 Equilibrium HCO3
− + H2O ↔ CO3

2− + H3O+

4 Equilibrium MEAH+ + H2O ↔ MEA + H3O+

5 Kinetic CO2 + OH− → HCO3
−

6 Kinetic HCO3
− → CO2 + OH−

7 Kinetic MEA + CO2 + H2O → MEACOO− + H3O+

8 Kinetic MEACOO− + H3O+ → MEA + CO2 + H2O
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data for a wide range of CO2 absorption rates 40–100 kg/h. 
The average relative error deviation for the 22 tests was 
5.6%.

Figure  2B shows the parity plot of CO2 loading (mole 
ratios of CO2/MEA) in the rich solvent after absorption 
between experimental and pilot results. It can be seen 

that the model gave a 2.7% overestimation on the rich 
CO2 loading compared to the experimental data. This 
overestimation is likely caused by the samples being ana-
lyzed offline. A small portion of the absorbed CO2 was 
most likely lost during sample collection and measurement 
due to the high CO2 partial pressure of the rich solvent 

Figure 1.  Process flow-sheet of Tarong CO2 capture pilot plant cited from Cousins et al. [34].
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Table 2. Summary of model parameters and column settings used in the rate-based model.

Model and column properties Absorber Desorber

Number of stages 20 20
Packing material Mellapak M250X Mellapak M350X
Total packed height 7.136 m (4 × 1.784 m) 7.168 m (2 × 3.584 m)
Column diameter 350 mm 250 mm
Flow model Mixed model Mixed model
Interfacial area factor 1.8 1.8
Initial liquid holdup 0.03 L 0.03 L
Film resistance Discrxn for liquid; Film for vapor Discrxn for liquid; Film for vapor
Discretization points for liquid film 5 5
Mass transfer correlation method Bravo et al. [38] Bravo et al. [38]
Heat transfer correlation method Chilton-Colburn Chilton-Colburn
Interfacial area method Bravo et al. [38] Bravo et al. [38]
Liquid holdup correlation method Bravo et al. [39] Bravo et al. [39]
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samples. Overall, the predictions of CO2 loading were 
considered satisfactory.

Figure  2C and D suggest that the experimental tem-
perature has a good agreement with the simulation results, 
implying that the rate-based model is able to predict the 
temperature profile along the absorber column. However, 
it should be noted that the experimental temperatures 
along the column in Figure  2D were always lower than 
the model data and the deviation was even greater at the 
high temperature sections at a packed height of 4–6  m. 
This is most likely due to heat loss along the column 
wall during the CO2 absorption process. Another possibil-
ity is that the solvent lost heat through the uninsulated 
pipe, whilst the solvent was removed from the column 
between the packed sections.

Performance of CO2 stripper

Figure  3A shows the parity plot of stripper reboiler tem-
perature between simulation results and pilot plant data. 
It is found that the experimental values were consistently 
lower than those of the simulation because of the drastic 
heat loss in the high temperature stripper (90–130°C). This 
is demonstrated by the temperature profiles indicated in 
Figure  3B. Heat loss was always occurring along the strip-
per column, which is reflected by the temperature deviation 
from the model results. It is worthwhile to mention that 

the temperature deviation at the packed height 0–3.584  m 
(bottom section) was much greater than that at the height 
3.584–7.168  m (top section), and that some temperatures 
in the bottom stage were surprisingly lower than that in 
the top stage. Two possible reasons can account for this 
phenomenon. One is the higher temperature in the bot-
tom stage resulted in higher heat loss. The second is that 
heat loss took place from the solvent when being trans-
ported through pipelines between packed sections which 
are installed outside the stripper column (Fig.  1). This 
resulted in greater heat loss to the environment.

Due to water vaporization at high temperatures in the 
stripper, the CO2 stream generated in the stripper may 
require further purification. Condensation was considered 
as the the effective approach to separate most of the 
water vapor from the CO2 stream. In the pilot plant 
trials, the condenser temperature was controlled in the 
range of 17–30°C. This ensured a high purity of CO2 
product ranging from 97.5 to 99.5  vol.%, which meets 
the requirement for CO2 compression. The simulation 
results in Figure  3C and 3D are in excellent agreement 
with the experimental results in terms of H2O content 
and CO2 concentration in the CO2 product, which proves 
that the rate-based stripper model has the capability to 
predict the condensation process.

The experimental regeneration energy was calculated 
by summing three key components: heat for stripping 

Figure 2.  Results of comparison between simulation and Tarong pilot plant measurements: (A) CO2 absorption rate in absorber; (B) CO2 loading of 
rich solvent leaving absorber; (C) temperature of rich solvent leaving absorber and (D) temperature profiles along absorber column (01 Feb).

40 50 60 70 80 90 100
40

50

60

70

80

90

100

Ex
pe

rim
en

ta
l C

O
2 a

bs
or

pt
io

n 
ra

te
 (k

g/
h)

Simulated CO2 absorption rate (kg/h)
0.44 0.46 0.48 0.50 0.52 0.54 0.56

0.44

0.46

0.48

0.50

0.52

0.54

0.56

Ex
pe

rim
en

ta
l C

O
2 l

oa
di

ng
 (m

ol
/m

ol
)

Simulated CO2 loading (mol/mol)

35 40 45 50 55
35

40

45

50

55

Ex
pe

rim
en

ta
l t

em
pe

ra
tu

re
 (o C

)

Simulated temperature (oC)

(C)

40 45 50 55 60 65 70 75
–1

0
1
2
3
4
5
6
7
8

Temperature (oC)

 Model liquid 
 Model gas

Pa
ck

ed
 h

ei
gh

t (
m

)

 Plant-packed

(D)

(A) (B)



30 © 2015 Commonwealth Scientific and Industrial Research Organization. Energy Science & Engineering published by the Society of 
Chemical Industry and John Wiley & Sons Ltd.

K. Li et al.Aqueous Monoethanolamine-Based CO2 Capture Process

CO2 from the solvent, sensible heat for heating up solvent 
to the required desorption temperature, and the water 
vapor leaving the stripper in the overhead gas stream. 
Due to the heat loss along the stripping column, the 
measured reboiler temperature in pilot trials would be 
always lower than the actual temperature (Fig. 3A), which 
resulted in the underestimation of sensible heat and the 
subsequent regeneration duty. While the model does not 
take the heat loss into account and take the high modeling 
reboiler temperature to calculate the regeneration duty. 
As a result, the simulated results of solvent regeneration 
duty had an average 4.0% overestimation over the pilot 
plant results as shown in Figure  3E.

In conclusion, the good agreement between the experi-
mental results and the modeling results for both CO2 
absorber and CO2 stripper suggests that the established 

rate-based model can satisfactorily predict the CO2 capture 
process by aqueous MEA.

Process Improvement of MEA-Based 
CO2 Capture Process

The process improvement was proposed to reduce the 
energy requirement of the MEA process by using the 
validated rate-based model to investigate parameter op-
timization and process modifications. The typical flue gas 
with 900  kg/h flow rate in the Tarong pilot trials was 
used and it contained 11.9% CO2, 7.3% O2, 4.3% H2O, 
and 76.5% N2. The gas pressure and temperature (at inlet 
to absorber) were 106 kPa (absolute pressure) and 50°C, 
respectively. The CO2 removal efficiency of the MEA 
process was designed at 85%.

Figure 3.  Results of comparison between simulation and Tarong pilot trials: (A) reboiler temperatures; (B) temperature profiles in packed desorber 
(Test 01 Feb); (C) CO2 purity in the CO2 product; (D) H2O concentration in the CO2 product; (E) solvent regeneration duty.
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Heat requirement of a typical Tarong pilot 
case

During the process optimization, the regeneration duty 
was considered as the most important factor to optimize 
and improve the MEA process, as it is the main contribu-
tor to the total energy required for the CO2 capture 
process. In order to understand how the three heat re-
quirements are distributed, the representative Tarong pilot 
trial (Test 01 Feb) with a regeneration duty of 4596  KJ/
kg CO2 was investigated as shown in Figure  4. Analyzing 
the individual heat requirement was based on the fol-
lowing equations.

1.	Q
des,CO

2

=n
CO

2

H
CO

2

, where n
CO

2

 is the mole of regenerated 
CO2, mol; H

CO
2

 the enthalpy per mole CO2 desorbed 
from the solution and the calculation method is taken 
from Que [40], kJ/mol. The heat of CO2 desorption 
required to break the chemical bond between MEA and 
CO2, accounts for the largest energy consumption. The 
higher the MEA concentration and rich CO2 loading, 
the lower the heat of CO2 desorption.

2.	Q
sens

=m
solv

c
P
(T

in
−T

out
), where msolv is the mass flow rate 

of the solvent flowing through the stripper, kg/h; CP 
specific heat capacity of the solvent, kJ/kg·K; Tin  −  Tout 
solvent temperature difference in and out of the strip-
per, K. Narrowing the temperature difference and lower-
ing the solvent mass flow rate are the primary approaches 
to reducing the sensible heat.

3.	Q
vap, H

2
O
=n

vap, H
2
O

H
vap, H

2
p
, where n

vap, H
2
O
 is the moles of 

excess steam leaving the stripping column, mol; H
vap, H

2
O
 

latent heat of steam generation. An amount of strip-
ping vapor is needed to maintain the driving force for 
CO2 desorption in the stripper. However, if the amount 
of stripping vapor is high, large amounts of water vapor 
will leave the stripper and the energy is lost in the 

condenser. The heat of water vaporization is dependent 
on the temperature at the top of the stripper before 
the vapor enters the condenser. The best scenario is 
to make the temperature of the stripper exit as low 
as possible, whilst the CO2 desorption process is main-
tained by a certain amount of water vapor leaving the 
stripper.

Parameter optimization

Important process parameters were studied, including MEA 
concentration, lean CO2 loading, lean solvent temperature, 
and stripper pressure. The temperature difference of lean/
rich cross heat exchangers was set as 15°C on the hot 
side.

MEA concentration

As shown in Figure  5A, the energy consumption for 
solvent regeneration decreased substantially with increas-
ing MEA concentration. This is because high MEA con-
centration allowed for better CO2 absorption performance 
including the improvement of CO2 reaction rate and 
the CO2 absorption capacity per kilogram solvent. The 
increasing MEA concentration also led to a decrease in 
the solution circulation rate which resulted in a decrease 
in sensible heat and a subsequent reduction in regenera-
tion duty. Upon an increase in MEA concentration from 
25 to 40  wt.%, the reboiler duty decreased by 14%. 
However, the use of high concentration MEA will con-
siderably increase the degradation rate due to a higher 
O2 mass transfer at higher MEA concentrations in the 
absorber [41]. Moreover, the higher solvent concentra-
tion causes an increase in viscosities and diffusion coef-
ficient, thus increasing the operational difficulty in real 
practice. For balancing the energy saving and adverse 
effects, a MEA concentration of 35  wt.% was chosen in 
this study, which is a compromise concentration between 
30% MEA used by Notz et  al. [23] and 40% MEA by 
Abu-Zahra et  al. [26]

Lean CO2 loading

Figure  5B shows the influence of lean CO2 loading on 
the regeneration duty and solvent flow rate. The lean 
CO2 loading between 0.25 and 0.275 was the optimal 
with the energy ranging between 3.59 and 3.61  MJ/kg 
CO2. At lean CO2 loadings below 0.25, although the solu-
tion provided more free MEA for faster CO2 absorption 
and a lower solvent flow rate, the regeneration duty in-
creases. This is because an increasing amount of stripping 
steam is required to regenerate such a low loading solvent. 
At high lean CO2 loadings, the solvent circulation flow 

Figure  4.  The distribution of three heat requirements: heat of CO2 
desorption, sensible heat, heat of water vaporization.

 Heat of desorption, 2171 kJ/kg CO2
 Sensible heat, 1615 kJ/kg CO2
 Heat of water vaporization, 810 kJ/kg CO2

17.62%

35.14%

47.24%
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rate increased substantially resulting in an increase in 
sensible heat and risk of column flooding.

Lean solvent temperature

As shown in Figure  5C, increasing the lean solvent 
temperature from 30 to 55°C slightly increased the 
regeneration duty. This is because higher temperatures 
result in the increase of CO2 equilibrium pressure and 
hence decreased the CO2 absorption capacity of the 
MEA solvent. However, at high lean temperatures, less 
cooling duty is required for solvent cooling resulting 
in lower cooling water consumption. Moreover, from 
the viewpoint of practical operation, high lean solvent 
temperature led to the increase in the water vaporiza-
tion rate from the absorption column, which is beneficial, 
in that the water condensing in the wash section would 
make it more effective for removing other trace con-
stituents in the exiting flue gas. After water condensa-
tion, it is then periodically recycled back to the lean 
solvent to maintain the water balance of the system.

Stripper pressure

Elevating the stripper pressure has some benefits. One is 
to suppress the water vaporization and subsequently a re-
duction in heat of water vaporization; the second is to 
increase the stripper temperature to facilitate the CO2 strip-
ping process. As shown in Figure  5D, increasing stripper 
pressure from 150 to 275 kPa (absolute pressure) led to 
an 8.3% reduction in the heat requirement of solvent re-
generation. However, the elevated pressure also brings the 
drawbacks: (1) the high temperature would enhance amine 
degradation rates and corrosion problems and subsequently 
increase the material and maintenance cost during opera-
tion [42]; (2) the high reboiler temperature would require 
extraction of higher quality steam which may results in a 
higher net efficiency penalty on the power station; (3) high 
pressure would place a burden on the capital cost of strip-
per design and construction. Thus, the suitable stripper 
pressure should be determined by considering the energy 
saving, material saving, construction cost, etc. In this simu-
lation, a compromise stripper pressure of 200 kPa (absolute 

Figure 5.  Effect of (A) MEA concentration, (B) lean CO2 loading, (C) Lean solvent temperature, (D) stripper top pressure on the regeneration energy 
based on single factor analysis.
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pressure) was chosen with condenser duty 1.2  MJ/kg CO2, 
reboiler temperature 123°C, and regeneration duty 3.6  MJ/
kg CO2, in which heat of CO2 desorption accounts for 
59%, heat of water vaporization 22% and sensible heat 
19%. The regeneration duty of 3.6  MJ/kg CO2 agrees well 
with the numbers reported in the literature ranging 3.6–
3.8  MJ/kg CO2 [17, 21–23]. It is worth mentioning that 
the optimal operating conditions are likely to vary depending 
on flue gas composition, column size, and process con-
figuration. A case by case study is recommended to obtain 
the best operating conditions for the individual process.

Process modification

Based on the optimized parameters, process modifications 
were proposed to further reduce the energy consumption 
of solvent regeneration via the absorber intercooling pro-
cess, rich-split process and stripper interheating process. 
The corresponding process configurations are shown in 
Figure  6.

Intercooling process

The exothermic reactions of CO2 absorption by MEA 
increase the solvent temperature along the absorber col-
umn. This, on the one hand, favors the reaction kinetics 
due to the improved mass transfer coefficients; on the 
other hand, limits the solvent absorption capacity due to 
the increased CO2 partial pressure at a given loading. 
The intercooling process modification (Fig.  6A), however, 
is able to overcome the drawback of absorption capacity 
caused by the increasing temperature, because this process 
modification enables the increase of CO2 loading in the 
rich solvent owing to the low equilibrium CO2 partial 
pressure at low temperature. Knudsen et al. [21] evaluated 
absorber intercooling at pilot scale and revealed that in-
tercooling enabled a higher CO2 cyclic carrying capacity 
thereby reducing regeneration energy.

Table  4 lists the results of different cases with the in-
tercooling process applied to the absorber. All the solvent 
went through the intercooler to maximize the benefits of 

Figure 6.  Process configurations of (A) absorber intercooling, (B) rich-split and (C) stripper interheating (HeatX represents heat-exchanger).
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Table 4. Results of intercooling process at different scenarios with L/G ratio 2.3.

Rich CO2 loading, mol/mol Regeneration energy, MJ/kg CO2 Energy saving,% Specification

Reference case 0.5007 3.600 −0.0 Total packed height 7.136 m
Intercooler position: height from bottom

3.568 m 0.4989 3.626 +0.72 Cooling to 30°C
1.586 m 0.5026 3.567 −0.92
0.792 m 0.5039 3.545 −1.53

Cooling temperature
40°C 0.5015 3.578 −0.61 Height 0.792 m
35°C 0.5027 3.561 −1.08
25°C 0.5046 3.535 −1.80

Total height of absorber column
5.325 m 0.5013 3.585 −0.41 Cooling to 25°C; height 0.6 m
5.325 m 0.4962 3.660 +1.66 No intercooling
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the intercooling process. It can be seen that if the inter-
cooler was installed at a low position near the bottom 
of the absorber, the intercooling process was able to im-
prove the CO2 loading in the rich solvent and subsequently 
reduced the reboiler duty, a 1.8% energy saving at in-
tercooling temperature 25°C. In addition to the energy 
reduction, the intercooling process also had the potential 
to reduce the column height while maintaining the CO2 
removal efficiency at 85% and similar solvent regeneration 
duty. When intercooling to 25°C was applied to the ab-
sorber, the packed height can be reduced from 7.136  m 
to 5.325  m. This is a 25% reduction in column height 
and allows for a great reduction in the capital cost of 
column design and construction. It also can be seen that 
the lower the temperature of the intercooling process, 
the better the performance in terms of regeneration duty. 
If lower temperature cooling water is available for the 
PCC plant, the regeneration energy and/or column height 
could be further reduced by the intercooling process. 
Furthermore, for scrubbing solvents that have a higher 
CO2 absorption capacity than MEA, better benefits of 
energy decrease and column reduction could be obtained 
from the intercooling process.

Rich-split process

The rich-split process modification shown in Figure  6B 
is an efficient method to reduce the reboiler duty via the 
recovery of the steam generated in the stripper. The cold 
rich stream was split to recover the energy contained in 
the upcoming high temperature water vapor; meanwhile 
the rich solvent was heated to release part of the CO2. 
This process has proven to be effective in process simula-
tions [43–45] as well as in the Tarong pilot plant trials 
[34]. In this study, the unsplit stream was introduced at 
the stage 5 (20 stages in total) after crossing the heat 
exchanger while the split stream was fed to the top of 
the stripper. Figure  7A shows the effect of split fraction 
(the ratio of split stream to the total rich solvent) on 
the regeneration duty. It can be seen that the rich split 
has a notable reduction on the reboiler energy consump-
tion when the split fraction was up to 0.45. The tem-
perature difference of the heat exchanger on the hot side 
decreased but was limited to 10°C with increasing split 
ratio. A minimum was achieved when 25% of the cold 
rich solvent was split to the top of the column. This 
minimum regeneration duty was 3.31 MJ/kg CO2 together 
with 0.67  MJ/kg CO2 condenser duty. This is an 8.06% 
reduction in reboiler duty and 45.1% reduction in con-
denser duty compared with the reference case without 
rich-split process.

In order to figure out why this saving occurs, the tem-
perature profiles and H2O/CO2 vapor pressure along the 

stripper column were investigated. As shown in Figure 7B, 
the split cold rich solvent decreased the temperature at 
the top stage of the stripper (stage 2) in the rich-split 
process, which was beneficial because it could recover the 
steam and subsequently reduce the reboiler duty and 
condenser duty. Meanwhile the temperatures along the 
column after stage 3 were elevated. This temperature lift 
came from the heat exchanger where the unsplit rich 
solvent was heated to a higher temperature as a result 
of the decreasing solvent flow rate. So the effectiveness 
of this rich-split modification will be significantly influ-
enced by the efficiency of the lean/rich heat exchanger. 
The increased temperature along the stripper column 
resulted in a higher H2O vapor pressure and subsequently 
a lower CO2 vapor pressure after stage 3 (Fig.  7C). This 
indicated that the driving force of the CO2 desorption 
process was enhanced, which has the potential to acceler-
ate the CO2 desorption rate and reduce the energy con-
sumption of solvent regeneration in practice.

To further specify how the energy was saved by the 
rich-split process, the distribution of the three heat re-
quirements – heat of CO2 desorption, heat of water va-
porization, sensible heat – was determined. The heat of 
CO2 desorption as an inherent property of solvent, was 
considered to be unchanged since the same rich solvent 
entering the stripper and the same CO2 desorption rate 
were used for all the different split cases. As shown in 
the Figure  7D, the rich-split configuration led to a sig-
nificant decrease in the heat of water vaporization with 
increasing split fraction, which was favorable for lowering 
condenser duty and the subsequent regeneration duty. 
However, at higher split fractions, the cold split stream 
started to cool down the stripper and more sensible heat 
was required to heat up the split solvent to the required 
temperature, which led to an increase in reboiler duty. 
So the heat of water vaporization and sensible heat in 
the rich-split process were competing with each other, 
resulting in an appropriate split fraction in which the 
saving of reboiler duty was maximized. It is worth men-
tioning that the optimal split fraction was also affected 
by the temperature approach of heat exchanger on the 
hot side. The smaller the temperature approach means 
the higher the temperature of the unsplit rich solvent, 
which then required more split solvent to recover the 
stripper steam.

Interheating process

The interheating process shown in Figure  6C exchanges 
heat between the hot lean stream leaving from the bot-
tom of the stripper and the semi-lean solvent extracted 
from the middle of the stripper (interheating HeatX) 
before the hot lean stream goes to the main 
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cross-exchanger (HeatX), thus making better use of the 
heat in the hot lean stream. This concept has been pro-
posed by Leites et  al. [46]. Paul et  al. [47] patented 
this process and suggested using a heat-integrated strip-
ping column to reduce the energy penalty associated 
with regenerating amine solutions and the modeling 
results revealed that the heat requirement of solvent 
regeneration can be reduced with the interheating process 
[48, 49]. This process design was aimed at reducing 
reboiler duty and condenser duty by means of (1) re-
cycling the high-quality and high-temperature heat in 
the hot lean stream, which elevated the overall tempera-
ture along the stripper column; (2) reducing the energy 
loss associated with steam generation by lowering the 
temperature of the rich solvent entering the top of the 
stripper column. As shown in Figure  8A and B, like the 
rich-split process, the interheating process lowers the 

CO2 partial pressure by increasing the temperature pro-
files and H2O vapor pressure along the stripper column. 
Meanwhile the interheating process reallocated the heat 
distribution which elevated the temperature profiles along 
the bottom of the column whilst decreasing the tem-
perature in the top section of the stripper. This accord-
ingly reduced the energy requirement of sensible heat 
and heat of water vaporization (Fig. 8C). The regeneration 
duty with interheating process was reduced to 3.38  MJ/
kg CO2, a 6.1% reduction compared to the reference 
case.

It is interesting to find in Table  5 that the flow rate 
of the interheating stream extracted from the stripper 
had only a slight effect on the energy saving of the 
reboiler and condenser. Low flow rates mean that less 
solvent participated in the heat exchange during the 
interheating process, but this enabled a higher 

Figure 7.  (A) Effect of rich split fraction on the total solvent regeneration duty and temperature difference of heat exchanger on the hot side; (B) 
temperature profile and (C) H2O/CO2 vapor pressure profile along the stripper column between reference stripper and rich-split stripper with 0.25 
split ratio (condenser is at stage1; reboiler at stage 20); and (D) the distribution of three heat components: heat of CO2 desorption, heat of water 
vaporization, sensible heat at different split fractions.
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temperature and higher quality interheated stream en-
tering the middle of the stripper. In contrast, high flow 
rates mean that more solvent can directly benefit from 
the interheating process, but results in a relatively lower 
temperature of the interheated stream. As a result, the 
extracted solvent obtained similar energy from the in-
terheating process, leading to the results of unchanged 
energy saving. This can be accounted for by the heat 
duties of the two heat exchangers, the total of which 
remained the same with increasing solvent flow rate. 
This phenomenon suggests that the interheating process 
would be very flexible in practical application with 
respect to the amount of solvent extracted from the 
middle of the stripper. Low interheated solvent flow 
rates would have the potential of reducing the size of 
the interheating heat exchanger and energy saving of 
solvent pumping. It is also found that the total heat 
duties in the cross exchangers were very close between 
the reference stripper (135.7  kW) and interheated 

stripper (135.6–135.8  kW). This indicates that the role 
of interheating process was to make better utilization 
of heat contained in the hot lean stream, that is, ex-
tracting the high quality and high temperature stream 
to heat up the stripper column.

Combined intercooling, rich-split, and interheating 
process

The combined process modifications were proposed to 
make better use of the advantages of the intercooling 
process, rich-split process, and interheating process. 
Table  6 summarizes the main design specifications and 
simulation results of this combined process modification. 
It should be highlighted that the temperature difference 
of the main heat exchanger on the cold side was set 
as 8.8°C to be consistent with the reference case and 
make a reasonable comparison. Although the combined 
process increased the cooling duty by 0.14  MJ/kg CO2 

Figure 8.  (A) temperature profiles, (B) H2O/CO2 partial pressure profiles along the stripper column and (C) heat requirement between reference 
stripper and interheated stripper with interheating at stage 8 (condenser is at stage1; reboiler at stage 20).
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due to the intercooling process, the 25% reduction in 
absorber size can significantly reduce the capital invest-
ment of absorber column and thus compensate the 
increased cooling duty. More importantly, upon com-
bining the benefits of the three process modifications, 
the regeneration duty was reduced to 3.11  MJ/kg CO2, 
which is a 13.6% reduction in reboiler duty compared 
to the reference case.

Conclusion

In this study, the combination of pilot-plant trials and 
process modeling has demonstrated that a validated 
rate-based model was an effective and reliable tool to 
evaluate and improve the MEA-based CO2 capture pro-
cess. The rate-based model for the absorber and stripper 
has been successfully validated against the Tarong pilot 
plant results. The simulation results of the absorber 
model were in excellent agreement with the experimental 
results in terms of CO2 loading in the rich solvent, 
temperature profiles along the column and CO2 absorp-
tion rate, while the stripper model provided a very 
good predication of stripper parameters including tem-
perature profiles along the stripper column, CO2 product 
composition, and solvent regeneration duty. The rate-
based model can be used as a good guide for modeling 
the MEA-based CO2 capture process and used as a 
starting point for more sophisticated models for process 
development, debottlenecking, plant, and equipment 
design.

Process improvements including parameter optimization 
and process modification were carried out to reduce the 
energy consumption involved in solvent regeneration. After 
a sensitivity analysis, the optimal operating conditions 
selected were 35% MEA, 0.25 lean CO2 loading, 40°C 
lean solvent temperature and 200  kPa stripper pressure 
which resulted in a regeneration duty of 3.6  MJ/kg CO2. 
The intercooling process alone on the absorber was able 
to reduce the regeneration duty by 0.6–1.8% or reduce 
the column height by 25%. The rich-split process alone 
can reduce the energy by 8.5% with the reboiler duty 
reduced to 3.3 MJ/kg CO2. The interheating process alone 

Table 5. Effect of interheated solvent flow rate on the duty of two heat exchangers and condenser/reboiler.

Interheating solvent flow rate1, kg/h Reference 500 1000 1500 1900

Temperature profiles in the interheating heat exchanger, °C
Cold inlet – 110.2 110.2 110.2 110.3
Cold outlet – 119.6 118.1 117.4 117.1
Hot inlet – 123.9 123.9 123.9 123.9
Hot outlet – 116.1 116.1 116.1 116.1

Temperature profiles in the main heat exchanger, °C
Cold inlet 39.2 39.2 39.2 39.2 39.2
Cold outlet 108.9 105.3 105.3 105.3 105.3
Hot inlet 123.9 116.1 116.1 116.1 116.1
Hot outlet 48.0 48.0 48.0 48.0 48.0

Heat duties of heat exchangers, kW
Interheating HeatX – 14.2 14.1 14.1 14.2
Main HeatX 135.7 121.6 121.6 121.5 121.5
Total 135.7 135.8 135.7 135.6 135.7

Energy requirement, MJ/kg CO2
Condenser duty 1.22 0.99 0.99 0.99 0.99
Reboiler duty 3.60 3.38 3.38 3.38 3.38

1The total flow rate of lean solvent was 1961.3 kg/h.

Table 6. Simulation conditions of combined absorber intercooling, rich 
split, stripper interheating.

Simulation conditions Reference Combined process

Intercooling temperature, °C – 30
Intercooling stage (20 stages  
in total)

– 17

Feed stage of split stream  
(Split fraction 0.25)

– 2

Feed stage of unsplit stream – 6
Interheated solvent flow  
rate, kg/h

– 500

Interheating stage (20 stages  
in total)

– 8

Temperature difference of  
main heat exchanger on  
cold side

8.8 8.8

Condenser temperature, °C 30 30
CO2 desorption rate, kg/h 134.5 134.5
Results

CO2 mass purity, % 99.1 99.1
Intercooling duty, MJ/kg CO2 0 0.61
Condenser duty, MJ/kg CO2 1.20 0.73
Reboiler temperature, °C 123.7 123.7
Reboiler duty, MJ/kg CO2 3.6 3.1
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can also reduce the regeneration duty to 3.3  MJ/kg CO2. 
The combination of the three process modifications showed 
the best energy reduction with the regeneration duty of 
3.1  MJ/kg CO2, which is a 13.6% reduction in reboiler 
duty compared to the reference case.
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