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Local Measurements for the Study of External Loop Airlift
Hydrodynamics
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Hot-film anemometry and an optical biprobe are used to measure local flow characteristics in the riser of an external
loop airlift reactor. Important flow asymmetries are observed above the sparger and developing flow persists through a
large part of the riser. As gas flow rate increases, radial gas hold-up profiles change from relatively flat to parabolic while
the shape of radial liquid velocity profiles remains constant and Sauter bubble diameter increases. At large gas superficial
velocities, slip velocity is found to deviate considerably from the frequently used value of 0.25 m/s. Local measurements
allow a better understanding of two-phase flow in airlift reactors and can be used for CFD-modeling development and
validation.

L’anémométrie a film chaud et une bisonde optique ont servi a caractériser 1’hydrodynamique locale de la zone ascendante
d’un airlift & boucle externe. Des asymétries importantes de I’écoulement sont observées au-dessus du distributeur et
’écoulement se développe dans une grande partie du riser. Avec I’augmentation du débit de gaz, les profils radiaux de
taux de vide passent de relativement plats & paraboliques tandis que la forme des profils de vitesse du liquide demeure
constante et que le diamétre de Sauter des bulles augmente. Aux grands débits de gaz, la vitesse de glissement est con-
sidérablement différente de 0.25 m/s, valeur classiquement utilisée. Les mesures locales permettent une meilleure com-
préhension de I’écoulement diphasique en réacteur airlift et peuvent étre utilisées pour le développement et la validation
de modeles de mécanique des fluides numériques.

Keywords: airlift reactors, hydrodynamics, local measurements, two-phase flow.

Airlift reactors have become increasingly popular in the
past two decades. They can be used for a wide range of
applications, such as bioprocesses, waste water treatment
and, in the chemical industry, for hydrogenation and oxida-
tion of organic products. Of simple construction, these reactors
provide good phase contact for mass transfer and require a
relatively low energy input. Also, compared to bubble
columns, they can be operated at higher gas throughputs and
achieve better mixing and wall heat transfer. However,
proper design and scale-up of airlift reactors remain difficult
due to the complex hydrodynamics of the gas—liquid flow.
Numerous studies are reported in the literature. In general,
global variables are used to describe airlift hydrodynamics.
Riser and downcomer gas hold-up, as well as mean liquid
velocity, have been measured in reactors of various geome-
tries. Many empirical correlations have been proposed, but
due to the strong influence of reactor geometry on hydrody-
namics, their application is often limited to the reactor studied.
In fact, downcomer to riser cross section area ratio (Chisti,
1989), reactor height (Russell et al., 1993; Bentifraouine
et al., 1997), gas-liquid separator configuration (Siegel and
Merchuk, 1991), size of passage area in the bottom section
(Merchuk et al., 1994) and sparger type and location (Becker
et al., 1994), all affect flow characteristics considerably.
Numerous models, mostly based on a momentum or energy
balance, have also been developed. To predict mean liquid
velocity, these models generally include a friction factor or
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friction coefficients, and sometimes require the knowledge
of gas hold-up in the riser and downcomer (e.g. Chisti et al.,
1988). In other models, slip velocity becomes a second
parameter (e.g. Garcia Calvo and Leton, 1996). For the
air/water system, a fixed value of 0.25 m/s is often used.

In all cases, the friction factor remains difficult to evaluate,
because too little is known on friction in two-phase flows,
especially in particular geometric configurations. Experimental
friction factors for two-phase flow in airlift reactors are
much larger than calculated one-phase factors (Hsu and
Dudukovic, 1980; Akita et al., 1988; Young et al., 1991).
Correlations for two-phase friction factors given in literature
also underestimate frictional effects in airlift reactors
(Young et al., 1991). According to Garcia Calvo (1992), the
differences observed can originate from the liquid velocity
profile. Indeed, the kinetic energy associated with a para-
bolic liquid velocity profile, such as can be found in the riser
of an airlift reactor, can be twice as high as that correspond-
ing to a flat profile. Knowledge of radial velocity profiles in
airlift reactors is, therefore, essential.

More recently, models based on more fundamental con-
cepts of fluid mechanics have been developed. Attempts to
describe airlift hydrodynamics through multidimensional
two-fluid models, based on point continuity and momentum
equations for the gas and liquid phase, have been undertak-
en (Sokolichin and Eigenberger, 1994). This approach, gen-
erally referred to as computational fluid dynamics (CFD), is
already commercially used for simulation of one-phase
flows. CFD modeling has the advantage of taking into
account all geometrical parameters which, as mentioned
previously, have a strong influence on airlift hydrodynamics.
However, for such models to give accurate results, a better
quantitative understanding of the local behavior of two-
phase flows is required.



Up to now, only a few studies reporting on measurements
of both radial and axial variations of hydrodynamic parameters
have been conducted. Nicol and Davidson (1988) measured
local gas and liquid phase characteristics in an airlift reactor
operating in the churn turbulent regime. Another detailed
study of an external loop airlift was conducted by Young
et al. (1991). Gas and liquid velocities showed strong radial
dependency. Becker et al. (1994) measured local velocities
of both phases as well as local gas hold-up and bubble size
distributions in a flat rectangular loop reactor. Experimental
data were compared to CFD simulation results and relatively
good agreement was obtained. In a study by Rueffer et al.
(1995), local measurements were made in both the air/water
system and CMC solutions. Recently, Bentifraouine (1997)
also measured local gas phase characteristics in an external
loop airlift reactor using water and CMC solutions as the
liquid phase.

The objective of this study is twofold. First and foremost,
to improve understanding of two-phase flow hydrodynamics
in airlift reactors and to show how local measurements can
help to achieve this. Secondly, to establish a set of local flow
data which can be used to drive CFD modeling efforts and
eventually to validate results.

Measurement techniques and signal treatment
HOT-FILM ANEMOMETRY

Gas hold-up and liquid phase flow characteristics were
measured with a constant temperature anemometer (DANTEC
55MO01 anemometer with S5SM10 standard bridge) equipped
with a hot-film probe (DANTEC type 55R11) whose sensitive
element is 70 pm in diameter and 1.25 mm in length. Any
flow modification which affects heat transfer between the
probe and the fluid, and hence changes the probes tempera-
ture and resistance, can be detected quasi-instantaneously
by the anemometer. Therefore, if fluid temperature and
properties remain constant, the voltage of the anemometer
signal will be a function of liquid velocity. In the case of
two-phase flow, since the gas/probe convective heat transfer
coefficient is much smaller than the liquid/probe coefficient,
phase change can easily be detected while measuring velocity
fluctuations of the continuous phase, when this phase is pre-
sent at the tip of the probe.

An acquisition frequency of 2 kHz is chosen in order to
obtain precise bubble signals, while maximizing measure-
ment precision of liquid flow properties. The number of data
points per acquisition is limited to 200 000, resulting in a
measuring time of 100 s. In order to link the anemometer
voltage to the corresponding liquid velocity, the hot-film
probe is calibrated against a Pitot tube in a 50 mm diameter
vertical pipe. Distilled water is used; its temperature is reg-
ulated to 30.0 £ 0.1°C. For the calibration procedure, an
acquisition frequency of 1 kHz and measurement period of
| min is chosen.

The use of hot-film anemometry in two-phase flow has
been reviewed by Bruun (1995). An example of an
anemometry signal obtained in an air/water flow is shown in
Figure 1. When a bubble passes over the hot-film probe, a
sudden fall of the anemometer signal occurs, followed by an
abrupt rise when the probe is again immersed in the liquid.
Fluctuations are also observed in the liquid phase signal.
These represent fluctuations in liquid velocity caused by tur-
bulence. Some other bubble signal characteristics should be
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Figure | — Anemometer signal obtained in an air/water flow at U,
= 0.046 m/s and signal corresponding to a bubble passage.

mentioned. Bubble-probe contact corresponds to point 1
(Figure 1). A liquid meniscus remains attached to the probe
as the bubble continues to rise. On some occasions, this
meniscus will rupture during bubble passage, creating a
sharp upward peak in the anemometer signal as illustrated in
Figure 1. In most cases however, the water film does not
break until the arrival of the back of the bubble (point 2).
Because liquid in a bubble wake rises faster than the bulk
liquid, the anemometer signal immediately after bubble pas-
sage is higher than that corresponding to bulk liquid velocity.

Before flow properties can be evaluated, proper signal
treatment must be applied to differentiate between signal
parts of the gas and liquid phases. For this, points 1, 2 and 3
must be correctly identified for each bubble. The signal
treatment program developed, first detects bubbles with the
help of a positive slope threshold to find the sharp rise at the
end of each bubble signal. From this identified point
(point A), one searches forward through the signal to find
point 3. In the same way, point 2 is found by searching back-
ward through the signal from point A. From point 2, one
then applies a level threshold in order to avoid confusing a
possible meniscus breakage peak with the front of the bubble.
In this way one finds point B and from there, by searching
backward through the signal, point 1. More details on the
signal treatment used are given in the work of Utiger (1998).

Once points 1, 2 and 3 have been identified, calculation of
gas hold-up, average liquid velocity and velocity fluctua-
tions is straightforward. Bubble passage time corresponds to
the interval between points | and 2. Gas hold-up is therefore
obtained from temporal integration of these signal sections.
For the calculation of liquid flow properties, the signal section
between points 2 and 3 (Figure 1) must also be eliminated
since it is not representative of liquid velocity. The calibra-
tion equation is then applied to the remaining anemometry
signal.

OPTICAL BIPROBE

For measurement of local gas phase flow properties, a
double optical fiber probe (RTI Instrumentation and
Measure) was used, having a known distance of 3.2 mm
between the fibers. The diameter of the sensitive optical ele-
ment is approximately 40 pm. Phase detection is possible
due to different refraction indexes of gas and liquid. This
measuring technique has been discussed previously by Choi
and Lee (1990).

The optical biprobe and its electronic support (opto-elec-
tronic module) have a rapid response (in the range of 0.5 to
1 ps), so that local phase changes in gas-liquid flows may
be followed quasi instantaneously, even at high bubble fre-
quency. As with hot-film anemometry experiments, an acqui-
sition frequency of 2 kHz was used, allowing measurement
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Figure 2 — Experimental set-up.

times of 70 s and the observation of 300 to 3000 bubbles,
depending on gas velocity and the location of the probe in
the reactor.

For each probe, bubble passage is detected by applying a
level threshold to the recorded signal. Gas hold-up is then
obtained directly from temporal integration of the gas events
recorded by the first probe. Afterwards, by calculating the
intercorrelation function of the two signals, the most probable
bubble velocity is determined. A range is then defined
around this velocity in which, for each bubble passage, a
corresponding bubble passage is searched for on the channel
corresponding to the second fiber (Roig et al., 1998). For all
associated bubbles (bubbles found on both channels) the
exact velocity is calculated and the passage time on the first
fiber is converted to a corresponding chord length. Chord
length classes are then defined and a discrete chord length
distribution is obtained. When the gas hold-up is assumed to
be locally constant (over one bubble diameter) and the form
of the bubble is assumed to be either a sphere or an ellipsoid,
the corresponding bubble size distribution can be calculated.

The statistical analysis of our chord length distributions is
based on the work of Clark and Turton (1988) for the case
of spherical bubbles. The authors predicted the bubble size
distribution by backward transformation of the measured
chord length distribution. Kamp et al. (1995) extended the
analysis to ellipsoidal bubble shapes and developed a soft-
ware code used in this work. To avoid negative probabilities,
as obtained during classical backward transformation, their
algorithm includes an approximated log-normal bubble size
distribution (as generally observed from experimental bubble
size data). Once the bubble size distribution is obtained from

Comparison of Gas Hold-Up Profiles

0.2 K S
[ 3
015 .o . ; © o * *
A6 ¢+ a
.0 o a o ...
o o0 ‘ o e,
0.1 + Op
« | o‘DD a s 8 LI 8 A O .
A 6 4 =]
Rasach © i Soaa,. *
0.05 1 80° °°3§g
0 + + t -
-1.00 0.00 1.00
r'R

Figure 3 — Comparison of gas hold-up profiles obtained from the
optical biprobe A U = 0.029 m/s @ U, = 0.068 m/s and hot-film
anemometry O U; = 0.029 m/s [J U; = 0.068 m/s at axial position
z/D = 10.6.

the measured chord lengths, different diameters of interest
can be calculated, such as the equivalent diameter d|, and
the mean Sauter diameter ds,, defined as follows:

Experimental

Measurements were taken in the riser of an external loop
airlift reactor 1.79 m in height, made of altuglass (Figure 2).
The riser and downcomer have inner diameters of 94 and
50 mm, respectively. The distance between the axis of both
columns is 675 mm. The bottom connection is a 50 mm
diameter pipe. Elbows are rounded (curvature radius of
125 mm) to reduce pressure drop and prevent dead zones.
The 200 mm high head section whose width varies from
94 mm above the riser, to 50 mm above the downcomer, is
open to the atmosphere. The gas sparger, located immedi-
ately above the enlargement in the riser, 340 mm above the
bottom elbow, is formed of 8 parallel tubes pierced with a
total of 56 holes, 11 mm apart and 0.6 mm in diameter. In
the bottom connection, the airlift reactor is equipped with a
heating element to regulate the fluid temperature in the riser
to 30.0 = 0.2°C.

Distilled water was used as the liquid phase in order to
avoid anemometer probe fouling. The flow rate of com-
pressed air was regulated with a previously calibrated gas
rotameter. A non-aerated liquid height of 1.67 m was used
throughout the experiments, resulting in a water volume of
16.5 L. This height was chosen in order to avoid air being
sucked into the downcomer. Radial profiles, oriented in the
riser-downcomer plane, were obtained at 5 different axial
positions in the riser at 0.10, 0.25, 0.50, 0.75 and 1 m above
the gas distributor (z/D = 1.0, 2.6, 5.3, 7.9 and 10.6).
Superficial gas velocities of 0.029, 0.047 and 0.068 m/s
were studied.

Gas hold-up profiles obtained from the optical biprobe
and hot-film anemometry compare well (Figure 3), although
hot-film anemometry seems to underestimate hold-up
slightly. This is probably caused by bubble signals that are
incorrectly interpreted as two bubbles instead of one due to
large meniscus breakage peaks. The gas and liquid flow
rates estimated by surface integration of the local measure-
ments agree well with each other, and with the directly mea-
sured values to within an 11% average error.
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Figure 4 — Gas hold-up profiles (obtained from hot-film anemom-
etry) at different axial positions for gas superficial velocity of
0.047 m/s.

Results and discussion

For all flow properties measured, strong asymmetries can
be observed in the bottom section of the riser, particularly at
higher gas flow rates. Radial profiles become more uniform
as the flow moves axially upwards, indicating developing
gas-liquid flow (Figure 4). Such developing flow and
asymmetric profiles have been previously observed in airlift
reactors (Chisti, 1989; Young et al., 1991; Becker et al.,
1994; Bentifraouine, 1997). Therefore, only radial profiles
in the well developed flow found in the top section of the
airlift will be discussed.

Flow profiles at axial position z/D = 7.9
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Figure S — Flow profiles at axial position 2D =7.9 @ U, =0.029
m/s, [ Ug = 0.047 m/s, & U;=0.068 m/s.

GAS HOLD-UP, VELOCITIES AND BUBBLE SIZE
Gas hold-up

Gas hold-up increases with gas flow rate from approxi-
mately 5.5 to 9.5% for the three flow rates studied. As can
be seen in Figure 5, gas hold-up profiles are relatively flat at
the lower superficial velocity, and become more and more
parabolic as gas flow increases. Hold-up near the wall
remains almost unchanged, while it increases considerably
in the center (local maximal values of 9, 13 and 17%). In
fact, an increase in flow rate implies the presence of a larger
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Figure 6 — Normalized velocity profiles and curve fit at position
2ID=19: ® Uz =0.029 m/s, O U = 0.047 m/s, A U; = 0.068
m/s, --- 1/7 power law profile, — curve fit, n = 1.69.

number of bubbles which favors coalescence and the pro-
duction of larger bubbles. These bubbles have a tendency to
go towards the center of the column (Liu, 1993), thereby
increasing gas hold-up in this region. These results are,
however, different than those obtained by Young et al.
(1991). They found relatively flat hold-up profiles regard-
less of gas flow rate, although they worked with similar gas
superficial velocities, observed similar bubble sizes and also
used purified water. Small differences in water quality may,
nevertheless, be the reason for the observed differences.
Nicol and Davidson (1988), who worked at very high gas
superficial velocities, obtained even more parabolic profiles,
which seems to confirm the tendency observed in this study.
However, the shape of their profiles did not change with gas
flow rate. This might be explained by a difference in the
flow regime (churn turbulent in their case).

Liquid velocity

As for gas hold-up, liquid velocities increase with gas
flow rate (see Figure 5). Average values are about 0.20, 0.25
and 0.27 m/s, whereas central maximal velocities are 0.40,
0.47 and 0.53 m/s. Radial profiles of liquid velocity are
strongly parabolic but, contrarily to gas hold-up profiles,
their shape does not change with gas flow rate. In fact, radial
velocity profiles normed by the maximal velocity all fall on
the same curve as shown in Figure 6. Young et al. (1991)
obtained similar results for their 0.14 m downcomer with a
D//D, ratio of 0.73. However, for their smaller downcomer,
with a D /D, ratio closer to that of this study (0.47 compared
to 0.53), they observed liquid velocity profiles that become
more and more parabolic with increasing gas flow rate
(trend seen in this work for gas hold-up profiles). Rueffer
et al. (1995), observed slightly flatter liquid velocity profiles,
probably due to their very small downcomer (D/D, = 0.33)
which gave rise to much lower mean liquid velocities. Nicol
and Davidson (1988) who, as mentioned previously, worked
with much higher gas superficial velocities (0.13 to 0.50 m/s)
in an airlift with a D /D, ratio of 1, found liquid velocity
profiles in the 1/7% power law form, as in one-phase liquid
flow. This is clearly not the case in this study (Figure 6), nor is
it expected. Since radial gas phase distribution is non-uniform
(more gas occurs in the center) and rising bubbles carry liquid
behind them in trailing wakes, the local liquid velocity in the
center of the column is greater in two-phase flow, than if
only single-phase flow occurred. Hence, for identical super-
ficial liquid velocities, the radial velocity profile in gas-liquid
two-phase flow will be more parabolic than the profiles in
single-phase flow.

Garcia Calvo (1992) suggested the following equation to
represent radial liquid velocity profiles:

Ml:l-z"/z(ijn
V.7, R

which fits data from this study relatively well with a value
of n = 1.69 (Figure 6). Young et al. (1991) described their
flow profiles with the following equation:

ji =1- (7’{—) ............................. (4)

where j is the superficial mixture velocity. If only their
upper more uniform radial profiles are considered, average
values of m = 1.86 and m = 2.53 are obtained for their 140
and 89 mm diameter downcomer, respectively. For compari-
son, experimental data from this study gives an intermediate
average value of m = 2.19. The exponents of these two similar
equations are therefore, quite different. It should be pointed
out, that mixture superficial velocity is not a very practical
variable to use for airlift reactors. Although quite useful in
vertical two-phase upflow in pipes, j, which is equal to the
sum of gas and liquid superficial velocities, is not a value
readily available, or even directly measurable in the case of
airlift reactors. In addition, liquid velocity profiles, not
superficial mixture velocity profiles, are needed to properly
evaluate friction energy losses in models based on an energy
balance on the airlift loop. For these reasons, the velocity
profile proposed by Garcia Calvo (1992) is preferred.

Bubble velocity

Bubble velocities relative to fixed coordinates (as mea-
sured by the optical biprobe) are presented in Figure S.
Average values increase with gas flow rate from 0.56 to
0.75 m/s. Profile shape is similar to that of liquid velocity
profiles, although it seems slightly flatter, and remains
unchanged with an increase in gas flow rate. Axial varia-
tions are found to be negligible at positions 0.50 m or more
above the gas distributor (z/D 2 5.3), indicating that constant
bubble velocity has been reached. As a comparison, Young
et al. (1991) also obtained radial bubble velocity profiles
with shapes similar to their liquid velocity profiles, and this
for both downcomers used.

Relative bubble velocity (V; — V) profiles can be com-
puted from gas and liquid velocity data. Radial profiles
obtained, reveal much more scatter in data than other flow
properties and are therefore, not shown. However, relative
velocities increase with gas flow rate, averaging 0.28, 0.31
and 0.37 m/s, respectively, at the three superficial gas veloc-
ities studied. This is certainly due to the corresponding
increase in bubble population density and bubble diameter.
One concludes that slip velocities may differ considerably
with the value of 0.25 m/s often used in airlift modeling,
especially at high gas flow rates.

Bubble diameters

Bubble Sauter diameters are calculated assuming ellip-
soidal bubble shape. It is worth noting that the use of this
hypothesis in flow data treatment leads to an increase of 1 to
1.5 mm in the length of the horizontal bubble axis, when
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Figure 7— Comparison of equivalent and Sauter bubble diameters.
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compared to spherical bubbles. Independent visual observa-
tion of gas bubbles with the aid of a camera confirmed devi-
ation from spherical shape for bubble diameters greater than
about 1 to 2 mm.

Radial profiles of bubble Sauter diameter are reported in
Figure 5. Average values of 4.9, 6.5 and 7.7 mm are
obtained for the three gas flow rates studied. As can be seen,
profiles show slight central maxima. Radial variation of the
Sauter diameter ranges between 20 and 30% of the maxi-
mum values. Axial variation for the three upper measuring
positions is of the order of + 0.2, + 0.2 and + 0.5 mm, for
gas flow rates of 0.029, 0.047 and 0.068 m/s, respectively.
Thus, the axial dependence of the local bubble size, due to
the small hydrostatic pressure expansion, appears to be
modest with respect to the increase of bubble diameter
caused by the change in gas flow rate. Increase in bubble
size with gas flow rate was also observed by Nicol and
Davidson (1988), who found average bubble Sauter diame-
ters based on spherical shape of about 4 mm.

The higher the gas superficial velocity, the more bubbles
are present in the flow, favoring coalescence and the forma-
tion of larger bubbles. In turbulent flow, bubble size is how-
ever controlled by the equilibrium between dynamic pressure
and surface tension forces (Calderbank, 1967). The increase
in liquid velocity with gas flow rate should therefore coun-
teract the increase in bubble size due to coalescence. An
explanation for this can be found when comparing bubble
Sauter diameters (d,,) to equivalent diameters (d, ). A large
difference between these two average diameters will tend to
indicate the existence of two bubble populations, or a wide
bubble size diswribution. In fact, the presence of a few very
large bubbles can increase the bubble Sauter diameter con-
siderably, while the equivalent diameter remains relatively
unchanged.

Examining profiles at z/D = 7.9 (Figure 7), one sees that
at the lower superficial gas velocity, dy, is only slightly
higher than d,, indicating a fairly homogenous bubble pop-
ulation. For the higher gas flow rate however, bubble Sauter
diameter is almost 2 mm higher than d,,, indicating the
presence of large bubbles. In addition, the equivalent diam-
eter seems to diminish with the increase in gas flow rate,
such as predicted by the force equilibrium. Although a few
large bubbles will affect the bubble Sauter diameter consider-
ably, it still should be used for flow characterization in airlift
reactors, since dj, is directly related to interfacial area (a =
6¢/dy,). The presence of very large bubbles, as observed
for U; = 0.068 m/s, may indicate transition towards the
churn turbulent flow regime. The bimodal distribution evi-

Liquid velocity fluctuations
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Figure 8 — Liquid velocity fluctuations at axial position z/D = 7.9
® U;=0.029 m/s, (1 U;=0.047 m/s, A U, =0.068 m/s.

denced in this study is similar to the one observed in bubble
columns at and above the transition towards churn turbulent
flow (Hyndman et al., 1997).

LIQUID VELOCITY FLUCTUATIONS AND TURBULENCE INTENSITY

Before discussing turbulence related results, a short
explanation on the nature of two-phase turbulence is neces-
sary. As mentioned previously, liquid velocity takes into
account both the bulk of the liquid phase and the faster rising
bubble wakes. Calculated liquid velocity fluctuations are,
therefore, composed of both the velocity fluctuations of the
bulk liquid and the difference between bulk liquid and wake
velocities. The first term can be referred to as intrinsic lig-
uid turbulence, whereas the second term is the bubble
induced turbulence, sometimes called pseudo-turbulence.
The measured values are of course the sum of both of these
terms. In some cases, bubble-induced turbulence has been
shown to contribute more than 90% of the total turbulent
energy (Liu and Bankoff, 1993).

As with other flow properties, the shape of velocity fluc-
tuation profiles (Figure 8) seems established at positions
0.5 m or more above the sparger. Fluctuations are lower in
the center, maximum about half way between the center and
the wall, and again lower close to the wall. Such profiles
with two maxima have been observed previously in a bubble
column (Menzel et al., 1990). On the other hand, in two-
phase upflow in vertical pipes, velocity fluctuation profiles
go from concave shaped (central minimum) to convex shaped
(central maximum), depending on operating conditions (Liu
and Bankoff, 1993).

Velocity fluctuations can be related to the local mixing
mechanism. Luebbert and Larson (1990) concluded that the
prevailing local mixing mechanism in bubble columns and
airlift reactors is a combination of diffusional mixing and
convective mixing, due to the wakes of rising bubbles.
Schmidt et al. (1992) showed that bubble wake associated
mixing is less important near the riser wall and in the center
of the column. Since there are less bubbles near the riser
wall, bubble wake associated mixing is lower in this region.
In the center of the column, relative bubble velocities are
lower (Schmidt et al., 1992), thus explaining the lesser
importance of convective mixing. The velocity fluctuation
profiles obtained in this study show the same trend. Velocity
fluctuations near the riser wall are lower because less bubbles
and hence, less bubble wakes, are found in this region. In the
center, relative bubble velocities may well be lower, although
computed relative velocity profiles do not permit to con-
clude this because of too much scatter in the data.
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Figure 9 — Turbulence intensity (+ z/D = 2.6, A z/D = 53,
0 zD = 179, O z/D = 10.6) and bubble association ratio
(xz/D=2.6, z/D = 7.9) at superficial gas velocity U, = 0.068 m/s.

Turbulence intensity (E IV =v'1V}) profiles, shown

in Figure 9, have a concave parabolic form. This shape is
reported in the literature for both airlift reactors (Young
etal., 1991) and two-phase vertical upflow in pipes (Liu and
Bankoff, 1993). Central turbulence intensity values at the
two highest axial positions are approximately 38% regard-
less of gas flow rate. Turbulence intensities near the wall
can become quite high (more than 80%). However, these
results should be considered with caution. Stagnant bubbles
(most likely indicating the presence of downflow) could
sometimes be observed near the riser wall. Since hot film-
anemometry can not distinguish the direction of flow, results
in regions of occasionnal downflow are not very reliable.

Although the turbulence intensity profile shape seems
established for positions 0.5 m (z/D = 5.3) or more above the
sparger, a closer inspection shows that values of both velocity
fluctuations and turbulence intensity are much lower at z/D
= 5.3 than at z/D = 7.9 and z/D = 10.6. The two latter pro-
files more or less coincide (Figure 9). This is observed for
all gas flow rates studied. It seems that turbulence increases
and reaches a constant value at z/D = 7.9, indicating that
flow continues to develop up to this position, despite the fact
that gas hold-up and velocities are relatively invariant for
z/D 2 5.3. Second order flow properties, such as velocity
fluctuations and turbulence intensity, may, therefore, be better
indicators of developed flow than first order properties, such
as velocities and gas hold-up. Developing flow considerations
are important since, as shown by experimental data, such
flow can prevail in a large portions of the airlift reactor, con-
siderably affecting the energy balance through significantly
higher friction factors (Young et al., 1991).

From the optical biprobe signal treatment program, one
obtains, among other variables, the bubble association rate,
defined as the ratio of the number of bubbles that pass over
both probes to the number of bubbles that pass over the first
probe. Interestingly, radial bubble association rate profiles
have the same shape as turbulence intensity profiles, except
upside-down, as can be seen in Figure 9. Hence, bubble asso-
ciation rate is high when turbulence is relatively low, and
vice versa. This seems logical since increased turbulence
will more often deviate bubbles from the second probe.

Since the bubble association rate and turbulence intensity
profile shapes are opposite, but otherwise almost identical,
the former may be used to obtain an approximation of the
latter when only an optical biprobe is available.

Conclusion

Studies featuring local measurements are still scarce,
although such measurements are essential for a better under-
standing of two-phase flow in airlift reactors. In the reactor
studied, developing flow persists through a large portion of
the riser. Developing flow will have a much lesser effect on
hydrodynamics in a taller unit, which should be kept in mind
when considering scale-up. Also, stagnant bubbles indicating
local downflow were sometimes observed near the riser wall.

In the upper part of the riser, where flow profile shapes
are established, central gas hold-up values increase consid-
erably with gas flow rate, while values near the wall remain
almost unchanged. This can be related to the formation of
large bubbles that tend to migrate towards the center of the
riser, thereby increasing the gas hold-up in this region. At
larger gas velocities, two bubble size populations were
shown to exist; one of a few very large bubbles and one of
many small bubbles. Such a bimodal bubble size distribu-
tion has been associated previously with the transition to the
churn-turbulent regime.

The shape of liquid velocity profiles does not vary with
gas flow rate, and can be represented by an equation sug-
gested by Garcia Calvo (1992). This profile equation can be
used in existing models to help evaluate friction energy loss-
es in the riser. At large gas flow rates, where bubble density
is high, slip velocity, that also appears in several models, is
found to deviate considerably from the frequently used
value of 0.25 m/s. Whereas, where liquid velocity fluctuations
are concerned, they can be related to the local mixing mech-
anism. Radial velocity fluctuation profiles indicate that con-
vective mixing due to bubble wakes is most important about
half way between the riser wall and the center of the column.

Further work is still necessary to understand two-phase
flow in airlift reactors. Studies on two-phase turbulence, as
well as bubble rupture and coalescence phenomena, need to
be pursued. CFD modeling seems a promising approach, in
particular because it can take into account all geometrical
parameters. However, such model development and valida-
tion cannot be made without local experimental data. The
experimental data presented in this paper can be used for
this purpose.
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Nomenclature

dj, = equivalent bubble diameter, (mm)

d;, = bubble Sauter diameter, (mm)

d; = bubble diameter of the ith bubble class, (mm)
D = column diameter, (m)

Jj = mixture superficial velocity, (m/s)

m = exponent

n = exponent

n; = number of bubbles in the it" bubble class

N = total number of bubbles



radial position, (m)

riser column radius, (m)
superficial velocity, (m/s)
velocity fluctuation, (m/s)
average velocity fluctuation, (m/s)
linear velocity, (m/s)

height above gas sparger, (m)

N e oY

o wnnn

Greek letter

o = local fractional gas hold-up
Subscripts

¢ = center of column

d = downcomer

G = gas

L = liquid

r = riser
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