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Abstract:

A mathematical model of a fixed-bed reactor for Fischer—Tropsch Synthesis (FTS) over 37% Co/SiO, catalyst
was developed to investigate the performance of the whole process for products’ selectivity and syngas
conversion. The model was capable of calculating the changes of reactant and products’ concentrations, partial
pressures, conversion and selectivity. In the previous study, a series of combined novel FT and water gas shift
(WGS) reaction mechanisms (eight elementary FT reaction pathways along with seven WGS kinetics models)
were developed in order to calibrate and validate the mathematical model along with reaction kinetics at
different experimental conditions. Such mathematical model with reaction networks can be used as a key tool to
emphasise the most significant facts of FTS catalysis and chemistry. Integration of the Global Search
optimization algorithm with the developed model was explained for estimation of Kinetics parameters. Data
analyses were carried out to assure that the predicted model results as well as kinetic parameters are significantly
relevant and physically meaningful. Parametric studies were performed to numerically investigate the effects of
operating conditions (e.g. reaction temperature, total pressure, space velocity and H,/CO molar ratio) on
products’ selectivity and reactant conversion. These parameters were then included in a multi-objective
optimization in MATLAB using NSGA-II to optimize the CO, and HC products’ selectivity and syngas
conversion. The optimization process gives rise to a set of trade-off optimal solutions (Pareto-optimal solutions)
which is used as a dynamic database depending on the specific requirement. A different operating condition can
be selected from such database which privileges the optimization of a particular output (e.g. conversion and

selectivity).

Keywords: Fischer—Tropsch Synthesis; Fixed-Bed Reactor; Mathematical Modelling; Multi-Objective

Optimization; Liquid Fuel Production; Biofuels Tecchnology
1. Introduction

Nowadays there is a worldwide demand to develop energy-efficient and economical processes for sustainable
production of alternative chemical compounds and fuels as a substitute for those emerging from petroleum. The
excessive dependency of the world on conventional fossil fuels risks the future of the globe. The consistent
existence of the present condition will result in an increase of the average temperature of ocean surfaces and

global land by 5°C in 2100; this will cause rising sea levels, which will be the next global crisis *. Climate
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change and global warming, due to the increase of carbon dioxide (CO,) concentration in the atmosphere formed
from the combustion of fossil fuel, and also air pollution, are major environmental concerns as a consequence of
their direct influence on human breath and life. As a result, environmental agencies everywhere in the world
have delivered more severe regulations to meet the current and forthcoming threats caused by emissions to the
atmosphere e.g. the control of emission standards for particulates from diesel vehicles and residual sulphur in
diesel fuel. All these facts have lately increased a renewed interest in Fischer—Tropsch Synthesis (FTS). FTS can
be defined as the means of indirect liquefaction, in which synthesis gas (a mixture of predominantly CO and H,)
obtained from either coal, peat, biomass or natural gas is catalytically converted to a multicomponent mixture of
gaseous, liquid and solid hydrocarbons 2. The increased interest in FTS is due to its ability to produce ultra-clean
diesel oil fraction with a high cetane number (typically above 70) without any aromatic, sulphur and nitrogen
compounds; with a very low particulate formation; and CO emissions *°. Liquid fuels produced from biomass
via FTS have great potential to produce high-performance, environmentally friendly clean and high-quality
transportation fuels; mainly due to the absence of aromatic compounds, SO, (sulphur oxides) and NO, (nitrogen
oxides). Generally, modern FTS is conducted over the liquid phase slurry reactor, the gas phase fluidized bed
reactor or the gas phase fixed-bed reactor . The fixed-bed reactor has several advantages such as the absence of
the requirement to separate the catalyst from the product, the ease of the scaling up from a single tube to a pilot
plant and shutdown robustness compared with slurry bed reactor #°. Shell and Sasol are the pioneers and world
leading companies for large scale FT liquids production using fixed-bed reactor and slurry bed reactor,
respectively. It has been found that the VIII group metals such as nickel, cobalt, ruthenium and iron can be
activated as a catalyst for FT reaction °. However, only iron and cobalt-based catalysts appear to be feasible and
suitable on an industrial scale economically ****. Among different solid catalysts, cobalt is considered the most
favourable catalyst for the production of long-chain hydrocarbons due to its high selectivity to linear paraffins,
high activity, and high resistance to deactivation ****.

The Kinetics description and mathematical modelling of FTS is crucial for the process design, simulation,
optimization, and it is quite challenging due to the complexity of the reaction pathway and products involved in
this process. Currently, there are three main aspects for consideration regarding the FTS processes. Firstly, there
exists the FTS reaction mechanism, the details of which are still not fully understood. Very recently, Moazami et
al. * developed a comprehensive detailed kinetics of FT and water gas shift (WGS) reaction for cobalt-based
FTS process conducted in a fixed-bed reactor. Furthermore, from the outlook of chemical engineering, there is
the design and scale-up of the commercial FTS plant in which studies of the mathematical model, parametric
analyses as well as numerical optimization play significant roles. An optimal design of a commercial-scale
reactor requires detailed information of the hydrodynamics and the reaction kinetics, as well as the mathematical
model of the catalytic reactor. To achieve an optimum in performance for the whole process, the mathematical
development of the kinetics and the reactor model are essential. Also, the details of the products' distribution,
selectivity and reactants conversion should be achieved by the developed mathematical model **. By modelling
and optimizing the reactor’s operation, it is possible in many cases to achieve significantly enhanced throughput;
better and more consistent product quality; rising conversion and selectivity; as well as a significant effect on the
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scaling up of the processes from the laboratory to production scale. Only a few studies are available on the



basis of the development of a mathematical model of a fixed-bed reactor for FTS. Typically, the plug flow
reactor model is approximated in fixed-bed reactors so that the reaction components and reaction conditions of
the medium vary continuously along the axial length of the catalytic bed. The driving force for synthesis is
maximized and, in the absence of heat and mass transfer limitations, fixed-bed reactor technology is the most
efficient reactor type for synthesis 2°. Compared to slurry and fluidized bed reactors, at the same level of
conversion, the products from a fixed-bed reactor can be expected to have higher hydrogenation activity (i.e. less
olefins and oxygenates). For instance, considering Fe-LTFT synthesis at 521 K, 8 bar and 50-60% CO
conversion, the C,—C, olefin to paraffin ratio for fixed-bed FTS is typically 0.09, 0.9, and 1.2 respectively;
whereas for slurry bed synthesis it is typically 3.7, 5.6, and 4.5 %', Fixed-bed reactors are employed in LTFT
processes for mainly diesel and waxes production 2. The main types of catalysts used in LTFT reactors are Co-
based catalysts, which have a high selectivity towards diesel and high molecular weight waxes. Fe-based
catalysts can also be utilized in LTFT reactors; although, it has been reported that the operating temperature

cannot exceed 533 K, as the reactor will be blocked with carbon deposition %.

There are very limited studies published in the literature that investigated the parametric study of FTS to improve
its catalytic performance and there is lack of studies in the literature that studied the numerical optimization of
the process to achieve an optimal solution (e.g. selectivities and conversion). Dry * indicated that ‘“for all FT
catalysts an increase in operating temperature results in a shift in selectivity towards lower carbon number
products and to more hydrogenated products. The degree of branching increases and the amount of secondary
products formed such as ketones and aromatics also increases as the temperature is raised”’ . Jager et al. *
investigated the response of different kinetic rate equations to a change in operating pressure while keeping all
other variables constant. The effect of operating pressure by some kinetic equations for cobalt showed the

predicted increase in conversion solely due to an increase in operating pressure. Bukur et al. *

investigated the
effect of process conditions on olefin selectivity during conventional and supercritical FTS on iron catalyst in a
fixed-bed reactor. Bai et al. * investigated the effect of temperature, total pressure, space velocity and the ratio
of H,/CO on Fe-Mn catalyst performance. It was found that the catalyst has high activity at 533 K, CO
conversion increased from 89.3 to 95.6% indicating that the operation window for temperature over the Fe-Mn

catalyst is very broad.

Here, a mathematical model of a fixed-bed reactor along with a detailed numerical simulation as well as a

recently developed comprehensive kinetics model **

is developed to emphasise the most significant facts of FTS
catalysis. Parametric studies are conducted in order to illustrate the effects of operating conditions such as total
pressure, reaction temperature, GHSV and H,/CO molar ratio on the performance of FTS over supported Co-
based catalyst with respect to productivity, selectivity and feed conversion. Multi-objective optimization process
is conducted in MATLAB platform using Non-Dominated Sorting Genetic Algorithm (NSGA-II) to optimize
the CO,, paraffin and olefin hydrocarbon products’ selectivities as well as syngas conversion. The Pareto-front
solutions can be used as a dynamic database depending on the specific requirement. A different operating
condition can be selected from such database which privileges the optimization of a particular output (e.g.

conversion and selectivities).



2. Methodology

A numerical analysis and mathematical modelling can be used as an effective tool to provide knowledge about a
catalytic reaction. The whole process involved in the development of mathematical model and kinetics modelling

of the FTS process can be found in supplementary material.

Focusing on the phenomena occurring in the reactor reduces the apparent diversity into a small number of
models or basic reactor types. The phenomena taking place in the reactor can be broken down into transfer of
mass, heat and momentum as well as chemical reactions. The chemical reaction kinetics of FTS were
comprehensively investigated in the previous work . The design and modelling of the reactor is on the basis of

equations that describe the above-mentioned phenomena.
2.1.  Model Assumptions and Equations

The FTS process was carried out in a stainless steel mini-scale fixed-bed reactor with an inner diameter of 15.7
mm and a reactor length of 52.83 cm. A mathematical model of the reactor was developed based on the
following assumptions. A series of eggshell cobalt catalysts supported with silica powder were used. The detail
of the catalyst and support materials was discussed in the previous work in section 2 **. The utilization of the
eggshell catalyst in a mini-scale fixed-bed reactor is an advanced technique, which can overcome the mass
transfer limitation due to diffusion limitations in catalyst pellets in the fixed-bed reactor system * **. Here, the
catalyst was loaded in the reactor in powder form (2 g catalyst with particle size of 75-150 um) in order to
prevent internal mass transfer limitations. The above assumption was also taken into account by other
investigators utilizing a catalyst in the form of powder to prevent the internal mass transfer limitations *°. Based
on the above justifications, the effects of the internal and external mass transfer resistances (interphase and
intraparticle mass transport) were neglected; hence only the rate of surface reaction in the reactor was the

controller.

In order to describe the kinetics of the experimental conditions the reactor model was assumed to be a plug-flow
1D pseudo-homogeneous state. Therefore, transportation in the catalyst’s pores (transport phenomena in solid
phase) was not considered, to avoid the unsolvable difficulties in the integration of the reactor model embedded

in a parameter optimization procedure *'.

Also, in order to improve the temperature distribution along the catalytic beds, minimize the formation of heat
spots and prevent the temperature gradients caused by the strongly exothermic FTS reaction, 2 g of the pre-
calcined catalyst was weighted for each experiment and then diluted with 12 g of inert silicon carbide (mesh
particle size 200-450). The dilution of the catalyst avoids local hot-spots *. Dilution of a solid catalyst (in powder
form) with inert diluent (i.e. silicon carbide) is a common practice in the laboratory scale FTS process to have
better heat removal as well as an effective use of a catalyst bed *. In addition, to provide a uniform wall
temperature along the reactor bed length, a metal jacket was installed between the furnace and the fixed-bed
reactor and it surrounded the reactor. A steady-state condition was assumed so that there was no change over

time including catalytic activity, selectivity and stability. Based on the above assumptions, a 1D steady-state



pseudo-homogeneous mathematical model was developed to describe the hydrodynamic of the fixed-bed reactor
for FTS. Equation 1 and 2 describe the conservation equations of it* species with respect to concentration and
partial pressure, respectively. The mole balance equations were first order ordinary differential equations
(ODEs). For homogeneous system a* = 1, whereas for heterogeneous catalytic reactions a* equals to the bulk
density of the catalyst (pg) which is determined by the ratio of mass of the catalyst (m.,.) over the packed bed
reactor volume (V,). The ug, C;, B, v, Rj, NR, Ry, p;, Pr, and p, represent superficial velocity, molar
concentration of species %’, volume fraction of active catalyst, stoichiometric coefficient of component ‘i’ in
reaction ‘j’, rate of reaction ‘j’, number of reactions, universal gas constant, partial pressure of species ‘i’ total
pressure and density of the mixture respectively. Gas velocity was calculated from the continuity equation
(Equation 3).

aCi N aus )
usg =Qa z Uinj — CLE Equatlon 1
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Density of the fluid mixtures was computed by applying the chain rule to the ideal gas law (Equation 4). In this

equation, the average molar weight of the fluid mixture (M,,) was simply determined by the molar mass of each

species (M;) and its mole fraction in the mixture (Y;) (Equation 5).
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The classic Ergun equation is the most popular equation used to calculate overall pressure drop through catalytic
packed bed reactors. Equation 10 is the general form of this equation. The first term on the right side of this
equation corresponds to the Blake-Kozeny equation for laminar flow, while the second term corresponds to the
Bruke-Plummer equation for turbulent flow. The Hagen-Poiseuille equation, expressing the pressure drop for
laminar flow in an empty conduit, when written in the form of (Equation 11), leads to a friction factor (f) in the

form of Equation 6.
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In this equation, u,, &, G, d, represent molecular viscosity of the mixture, void fraction, mass velocity and
particle diameter respectively. Since the channels in a packed bed are not straight, a correlation factor of 25/6

had to be introduced by Ergun to fit the experimental data, so that (Equation 6) becomes:

_(1-¢)? 150

I =" Gay/m

Equation 7

Considering the Burke and Plummer equation for highly turbulent flow in a channel, it leads to a following form
of friction factor:

f=175 ! _3 : Equation 8
&
Adding both contributions Ergun proposed,
_1-¢ +b(1_8) Equation 9
f= e |° Re q

With a=1.75 and b=150. Handley and Heggs [1968] derived a value of 1.24 for a and 368 for b. McDonald et al.
[1979] proposed a = 1.8 for smooth particles and 4.0 for rough particles and b = 180 *.

Consequently, the Ergun law was applied to calculate the overall pressure drop (dP;) along the reactor bed
length (L) and among different parametrization for the friction factor, Equation 12 was assumed to be the proper

form of the friction factor for the flow in the fixed-bed reactor .

dP. 150G 1—¢)? G?> (1—¢
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The model aimed at predicting the axial profiles of radially averaged concentrations, partial pressure, feed
conversion and selectivity of different compositions at different operating conditions (which were available for
calibration and validation), with respect to reaction temperature, total pressure and space velocity in a wide range
of 503-543 K, 10-25 bar and 1.8-3.6 L gcs* h™, respectively.

2.2.  Reactor Performance Criteria

Some intensive dimensionless quantities were expressed to characterize the operation of an FT reactor and
presented the methods used for reactor performance measurement and analysis. The conversion is related to the
composition of the reactants and was defined for carbon monoxide and hydrogen, which by definition, its value

is between 0 and 1. Therefore, Equation 13 was employed to quantify the fraction of carbon monoxide and



hydrogen that has been consumed in the FT reactor. The conversion only depends on the boundaries of the
system, “in” and “out” “°. It should be mentioned that that none of the reactions in the FTS process produce

carbon monoxide and hydrogen.

Cin,i - Cout,i

Conversion = x; (%,i: CO,H,) = x 100 Equation 13

in,i
Equation 14 to Equation 16 were used to measure the portion of reactant converted to desired and undesired
products in the FT process. Since the carbon dioxide is the only co-product which consumed the carbonaceous
reactant to be produced, Equation 14 was used to compute the selectivity of CO, species which is the ratio of

concertation of CO, produced to that of CO consumed.

Carbon dioxide selectivity =

C Equation 14
Sco, (%) = g2 i— % 100
in,CO out,CO
Lighter hydrocarbon selectivity =
Cout,cp Equation 15
Secr-co) (W) = ——o— = x 100
in,CO out,CO out,CO,
Total liquid selectivity =
Equation 16

SCS+(%) =100 — (SC02 + SHcl + SHCZ + SHC3 + SHC4)

In Equation 16, the desired products’ selectivity was determined relative to the amount of carbon monoxide
reactant converted to hydrocarbon products; hence, in the denominator, the moles of carbon monoxide converted
to carbon dioxide, was subtracted. The numerical values of products’ selectivity are between 0 to 100% based on

their definitions. The summation of all products’ selectivity must be equal to 100%.

Equation 16 describes how to determine the selectivity of the heavy hydrocarbons (carbon number > 5). As some
of the compounds in a standard gas bottle used for quantitative analysis of gaseous products by GC-FID (gas
chromatography flame ionization detector) were not available, the measurement of the quantities of particular
constituents presented in the gaseous products downstream of a reactor was not possible; therefore, the product

selectivity of detailed hydrocarbons was measured up to hydrocarbons with a carbon number < 7.
2.3. Reaction Kinetics Modelling

In the previous work **, a comprehensive plausible mechanism-derived FT kinetics models with eight elementary
reaction pathways along with seven WGS kinetics models were developed. Such reaction networks were
investigated to fit and validate against the experimental results which can be used as a key tool to emphasise the
most significant facts of FTS catalysis and chemistry. The obtained results in ** showed that the combined
developed model FT-III with RDS-2 (R.4, 8-15)/WGS-VII with RDS-4 (R.4), exhibited excellent agreement
with the measured data. The proposed pathway and elementary reaction steps for both FTS and WGS reaction

are illustrated in Table 1.



Table 1 Sequence of elementary reaction steps of FTS reaction in the present study

Model No. Elementary reaction steps Model No. Elementary reaction steps
FT-III 1 CO+y 2C0—y V\:/C—I-;s 1 CO+02C0-0
2 Hy+2y 22H— 2 H,0+20 2H—-0+0H -0
3 CO-yY+H—-yp2HCO—P+1 3 CO-0+0H-0 2CHO,—d+0
4 HCO—Y+H—y2HCOH -+ ¢ 4 CHO,—0 2H—0+CO0,
5 HCOH—-vy+y2CH—y+0H—1y 5 2H-0 2H,+20
6 OH—Y+H—12H,0+2y
7 CH-Y+H-yY2CH, -+ ¢
8 CHy,—Y+H—-yp—>CH;—p+ 1
9 CHy—y+H—1v9 - CH, + 2y
10 CH, =Y+ CH, — = C,H, + 2
11 CHy,—Y+CH—¢Y > CHys -+ ¢
12 Cy_yHyp1 — W +CHy = = CyHoper — Y +; n =2
13 CpHoper — W+ H = = CyHypyy + 20
14 CHy =Y+ CpqHypzs = = CyHpps — Y + ¥
15  CpHyp_q — W + H — 1 = CyHy, + 29

The goodness of fit was assessed by mean absolute percentage deviation (see section 3.4 of supplementary

material) and statistically analysed by employing the F-statistic as explained (see section 3.5 of supplementary

material). In addition, it was shown that the obtained kinetic parameters were statistically significant by using the

t-statistic (see section 3.6 of supplementary material). The estimated Kinetic parameters for the comprehensive

kinetic model over a Co/SiO, catalyst are listed in Table 2 and the details of Kinetic parameters’ estimation were

discussed in the previous work **. The above-mentioned reaction mechanisms for the formation of paraffins and

olefins’ products as well as CO, are illustrated in Figure 1Error! Reference source not found.. The kinetic

equations were developed and discussed comprehensively in the previous study **. Herein, the FT and WGS

reaction pathways along with the corresponding rate expressions are tabulated in Table 3 to Table 5.

Table 2 Optimum values of estimated kinetic parameters of comprehensive combined FT—III (RDS-2) and

WGS-VII (RDS-4) ™

p:r:ar:ﬁgfer Unit Value toaiue p:rI:riltelz(t:er Unit Value toalue
Ko,meth molkg™ s7' 510x 10" 162.84 Kos molkg~ 5% 925x10°  62.10
Emetn k] mol™t 76.54 179.98 E, k] mol~! 74.98 154.63
Koeth mol kg™ s™' 2.03x10* 223.40 kowas molkg™' s™*  6.89x10°  130.64
Eetn k] mol™* 125.28 49.48 Ewes k] mol~1 83.59 299.32
ko,ipar molkg™' s~' 1.14x 10" 327.70 Ky (Kco) bar~! 1.78 381.40




E;ipar k] mol™t 90.22 248.64 K, (Ku,) bar-! 481 x 10° 230.29
ko.gpar molkg™' s~! 3.04x10® 95.79 Kz (Kyco) _ 5.53 356.09
Egpar kJ mol™! 82.57 282.68 Ks(Kon) - 512 x 102  137.05
kot par mol kg™ s~! 7.85x10° 132.00 Ke(Kew) — 219 348.80
Et par kJ mol~1 9563 19164  K,(Kcy,) - 4.36 301.85
Ko, otef molkg™' s™! 844x10° 134.76 Ky, bar-1 415x 102 367.16
Eioer kJ mol™* 9534  252.90 Ky, bar! 7.84x 107  300.04
Ko.g.otef molkg™' s~! 7.56x10° 45.04 K, _ 267 390.72
Egoter kj mol™* 8831 18178 Ky, bar 540 x 10 3850
kot otef molkg™' s~ 1.75x10® 75.39

Et otef k] mol™! 100.22 87.81 MAPD = 5.93%

*Results of statistical analysis:
(i) F-test: Fraio = 921.75 > Fpipicr M —m,m — 1;1 — @) = Fopypicq (144 — 30,30 — 1;1 — 0.01) = 2.14
(i) t-test: lowest t-value = 38.5 > trivicas M —M; 1 — @) = topiicar (144 —30;1 —0.01) = 2.36

H=
CHy, «— CquxH_ll'l

Cn—leu-Sflp
H, I
co 2H-
l W /\‘ CH,—y I
H-—1y H-—
CO-y —— HCO-y iV, HCOH- CoH,—yr CH,—y
R
H-—y H-y H—y
H,0 «<— H,0-}y «<—— OH-y + CH-y —— CH,~y — CH,—y —— CH,CH,~
J CH—y JCHZ—LU
H20 CH :
20 f
Cn—len-lfqJ
co Ho + H-0 —» H, JCHZ_q,
OH—-o0 CnHln—lf‘JJ CnH2n+2
CO—o CHO,-¢ ———* COj—0 — CO,

Figure 1 Reaction mechanism for the formation of paraffinic hydrocarbons (C,H,,,) via alkyl species, olefins’
products (C,H,,) via vinyl intermediates and WGS reaction via formation of formate intermediates (developed
combined FT/WGS mechanism) '*.



Table 3 Reaction pathway and LHHW rate expressions developed for model FTIII based on H-assisted CO dissociation mechanism

No. General Reaction Path Kinetic Rate Equations
parameter
1 CO+yY 2C0 -y K KiPeop = Yco
2 H, +2y @2H -9 K, K, Py, Y? = ¥f
3 CO-yY+H-yY2HCO-yY+y K; KzYco¥u = Yucod
4 HCO—yY+H—-yY2HCOH -y + ¢ Ky KaWucoWu = Yucon¥
5 HCOH -y +yp2CH—-y+0H -y Ks Ks¥ucon¥ = YeuWonu
6 OH—-—Y+H—-9y2H,0+2¢ Ks keWony = Pu,oth®
7 CH-Y+H-y2CH, -y + ¢ K KYen¥y = Yen,
Rer = Kipar¥eu,Vn
. ) e,
CHy—Y+H—-yY—>CH; =9+ ¢ i,par ar 0= +Rg—Rg—R1; =0 = + ki parVeru,¥u — kmeenWen,Wu — kg parPen,Wen, =0
ki,parlpCHzlpH
¢CH3 = k %
g,parlpCHz + methlpH
9 CHy =Y+ H—-¢ > CH, + 2¢ kmetn Ren, = kmeen¥en,¥u
10 CHy—Y+CH, = - CHy + 29 ketn Re,n, = kethlpCsz
dyc,n
# =0=4R11—R1s = 0=+ kioieren,Weu — kgotefWen,We,n, =0
11 CH,—yY+CH—-Y->CH; -y + ¢ kioler Kiotef Yo
Yo, =~ Lt
g,olef
dl,)CTLHZ‘n+1 !
Ch1Hon1 =Y +CHy; — ¢ —ar 0= 4+R;;—Ri; —Ri3 =0 + kgparc, Hyn Wer, — KgparWe,tone, Wer, — KeparWe typn,, W = 0
. :inl-:’lz1;13_ v kg’par P — ky'parlpcn—lenﬂIpCHz
' - Cntlonsa kg,zr)arlp(ll-l2 + kt,parlpH
C,H —yY+H-—
13 nii2nt+l 1/] _:paner—z + le kt,par Rparffins = kt,parlpanZnHlpH
dc,Hy, ,
CHy =Y+ Cy1Hopn 3 — ¢ # =0=+R14—Ris — Ris = 0= +kgorerc,  H,sWen, — KgoterWeutpn Wen, — KeoterWeptyy Wn =0
1 : ;nilfr;l:g_ v kg,olef Y _ ky,oleflp(,‘n_lHZn_3¢CH2
’ - Cnblon-a kg,oleflpt,'H2 + kt,oleflpH
15 CnHZn—l - 111 +H- 111 - CnHZn + 21/} kt,olef Rolefins = kt,oleflanHZn_lll)H




Table 4 Kinetic model FT—III assuming steps 4 and 8—15 are the rate-determining steps (RDS-2) **

No. FT-III (RDS-2: 4, 8-15) Rate Equations
1 CO+yY 2CO0—-vyY Yeo = K1 Pcop
2 H, +2¢y 22H -9y Yy = ’KZPHZIIJ
3 co +H = HCO + Kzthcohu K3K1Pco¢\/K2P13'25¢ 05
¥ —y= —+y Yuco = " = " = K3K1\ K2 Pco Pz
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Table 5 Reaction pathway and rate equations developed based on model WGS-VII: with (RDS-4: 4) direct oxidation mechanism (formate mechanism) '
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2.4.  Multi-Obijective Optimization Methodology

The performance of the reactor is characterized not by one but by several parameters such as reactant
conversions as well as products’ selectivities. Thus, such a feature requires multi-objective (opposed to single-
objective) optimization of all performance parameters. Such an optimization problem is often complex especially
if the objective functions (OF) are conflicting with respect to each other. These problems give rise to a set of
trade-off optimal solutions, popularly known as Pareto-optimal solutions **. Therefore, due to the diversity in
solutions, these problems can be solved effectively using evolutionary algorithms which utilize a population

search approach and results are a group of optimal solutions rather than a single solution.

Among the evolutionary optimization algorithms, the genetic algorithm (GA) is one of the most efficient
approaches. The GA is based on the biological evolution and it is started with the creation of an initial
population whose elements are randomly selected in the whole design space. Different procedures are then
applied in order to successively generate a new population containing better elements. The performance of an
individual is measured by its fitness. Pairs of individuals are selected from this population based on their
objective function values. Then each pair of individuals undergoes a reproduction mechanism to generate a new
population in such a way that fitter individuals will spread their genes with higher probability. The children
replace their parents and as this proceeds, inferior traits in the pool die out due to the lack of reproduction. At the
same time, strong traits tend to combine with other strong traits to produce children who perform better. This
procedure is repeated for the next generation until the maximum specified number of generations is reached i.e.

5000 generations (see Table 6).

Table 6 Main control operators considered in the multi-objective optimization process using NSGA-II

Number of population Number of generation Crossover Mutation rate
100
300
400 5000 0.8 0.2
500
1000
3000
500 0.8 0.2
= 4000
S 5000
= 0.4
o' 0.6
o 500 5000 0.8 0.2
0.9
0.001
0.01
500 5000 0.8 01
0.2
Best values 500 5000 0.8 0.2

The GA can deal with complex optimization problems such as multi-dimensional, non-continuous, and non-

linear problems. Moreover, the GA locates the global optimal values reliably from a population of solutions,



even if many local optima exist and prevents the convergence to sub-optimal solutions. This distinguishes the
GA from the traditional optimization techniques that are reliant on the initial guesses; while the GA is far less
sensitive to the initial conditions enforced on it. The GA will eventually reject any solution that does not show

enough promise; this helps to provide more flexibility and robustness during the optimization *.

The most common and straightforward method of defining the objective functions in multi-objective
optimization problems is based on the weighted sum approach. As the name manifests, such an approach
scalarizes all objective functions into a single objective, by multiplying each objective with a user-specified

weight as shown by Equation 17:

M
Minimize or Maximize F(x) = Z Wi fn (), Equation 17
m=1

Subjectto g;(x) =0 j=1.2,..,]

upper :12
y&y

where x["¢" < x; < x; i o

0<w,<1 m=12, ..M

Although simple, the outcome of the objectives’ values with this approach is strongly reliant on the specified

weight and also the scaling factor utilized to normalize all objective functions to the same order of magnitude.

To alleviate such deficiency, a NSGA-II (Non-dominated Sorting Genetic Algorithm-I1) was employed to
conduct the multi-objective optimization. The NSGA-II is an advanced version of the GA which attempts to find
multiple Pareto-fronts with emphasis on non-dominated solutions and operates based on controlled elitism
concepts **. Non-dominated solutions are the points on the first Pareto-front solution so that selecting any one of
them in place of another will always sacrifice the quality of at least one objective, while improving at least one
other. Such a feature is advantageous as it allows trade-off between wide ranges of optimal solutions before
selecting the final one. The NSGA-II is a very fast and efficient search mechanism that utilizes crowding
distance as the diversity mechanism and classifies the population into non-dominated fronts, using the Pareto-
ranking approach introduced by *. In contrast to the weighted sum approach, in multi-objective optimization
with the NSGA-II, all objectives are specified individually to be either maximized or minimized as shown in the

mathematical form in Equation 18.

Minimize or Maximize fmx), m=12,....M Equation 18
Subjectto gj(x) =0 j=12,..,]

upper
lower < x; < xi pp

where x; i=12,..,n



The weighted sum approach formulated by Equation 17 only provides the best solution corresponding to the
minimum or maximum value of the single-objective function that lumps all different objectives into one
objective. Therefore, it cannot provide a set of alternative solutions for comparison of various objectives
especially if they are conflicting. In contrast, the multi-objective optimization with NSGA-II is advantageous as
it provides a wider range of alternative solutions and allows more flexibility during decision-making and
selecting the optimal solution from the Pareto-front. Such a procedure can be performed based on higher-level
information by evaluating the advantageous and drawbacks of each optimal solution from the Pareto-front. Such
information depends on the variation rate of objective functions on the Pareto-front charts. Further details about
NSGA-II can be found in *"*.

3. Results and Discussion
3.1. 1Parametric Studies Results

Prior to the optimization, it was vital to conduct comprehensive parametric studies using the developed model in
order to investigate the effect of input variables (i.e. reaction temperature, total pressure, space velocity, and
H,/CO molar ratio) on the reactor’s critical performance parameters (i.e. syngas conversions and products’
selectivities), which are dependent variables of the model. Such parametric studies are based on variation of one
input parameter in a defined range (see Table 7), while other inputs were kept constant and then plotting its
effects on the performance parameters mentioned above. Such plots are then examined to identify those input
parameters that have the most substantial effects on dependent variables.

Table 7 Range of variation of parameters defined for parametric study

Temperature Pressure GHSV H,/CO
Parameters Reference Unit Effects Effects Effects Effects
Investigation  Investigation  Investigation  Investigation
T 1 (K) 470-530 500 520 510
P 1 (bar) 15 1-30 10 10
GHSV n (12 mé (P?I)P) 7500 2400 1800-6000 4500
cat
H,/CO 1 (mol/mol) 2 2 2 1-3.2

3.1.1.  Effects of Operating Temperature

Figure 2 shows the influences of the reaction temperature on CO and H, conversions, as well as the selectivities
of CO,, CH,4, and Cs, products at a constant total inlet pressure of 15 bar, H,/CO ratio of 2 and gas hourly space
velocity (GHSV) of 7500 Nm# (STP) ge - h™. The effects of temperature on the light paraffinic content (i.e. C,-
C,) of the products are illustrated in Figure 3. In addition, the product olefins as well as the changes of olefin to
paraffin ratio with respect to the temperature are depicted in Figure 4. Figure 2 manifests the significant growth
of the catalyst’s activity and its performance upon the raising of the reaction temperature in terms of the syngas
components’ conversion, suggesting that the temperature has positive effects on CO and H, conversion in which

both quantities increase substantially from about 35% to 92% and 35% to 74% respectively, by increasing the



temperature from 470 K to 530 K. The undesired CO, selectivity increases from about 0.04% to 13% upon the
rising of the temperature. From Figure 2 to Figure 4, one can conclude that the increment of temperature results
in a shift towards products with low molecular weight hydrocarbons on a Co/SiO, catalyst i.e. methane, olefins:
C,-Cs, paraffins: C,-C. It is apparent that the formation of heavier hydrocarbons (Cs,) is favoured at lower
temperatures; while at high temperatures, the reactor produces higher low molecular weight products (see Figure
2 to Figure 4). The total light hydrocarbon products with carbon atoms between C,-C- increases from 2.75% to
10.31% and there are increases of methane from 3.7% to 20.3%, while the selectivity of Cs,. decreases
substantially from about 94% to 71%. Also, the results justify the decrease of the low molecular weight olefin to
paraffin ratio upon increasing the temperature (see Figure 4). Hence, low temperatures favour the higher
formation of heavy liquid products, the lower undesired CH, and CO, selectivities, as well as a higher olefin to
paraffin ratio. In contrast, high temperatures are desirable to increase the conversion of syngas components (CO

and H,), the paraffin to olefin ratio, and for the production of light hydrocarbons, especially CH,.

Moazami et al.

showed that the methane has a higher temperature dependency compared to other
hydrocarbons due to its lower activation barriers. As expected, methane and desired heavier hydrocarbons had
opposite variations with respect to temperature change. The question is why the effects of temperature on outlet
liquid phase selectivity are different from methane selectivity and syngas conversion. As depicted in Figure 2,
the positive effects of temperature on syngas conversion is due to the nature of the Arrhenius expression and
reaction rate since both are temperature dependent and positively impact the conversion; all the reactions are
enhanced with a greater temperature so more reactants are consumed. However, products’ distribution is not
directly proportional to the temperature. This can be explained by the nature of the chain growth probability («).
Indeed, «a is defined by the rate of propagation (growth) and termination steps through Equation 19. Also, mole
fraction, y,,, with n carbon atom number is equated to a through Equation 20. It is worth noting that when the
value of alpha is high, it is proportional to y, (@ «< y,). The a value is in the range of 0 to 1 and is closer to 1
when the desired FT products are heavy hydrocarbons. On the other hand, « is inversely proportional to the
termination reaction rate (R,), and that all reaction rates (e.g. Ry, R, and etc.) increases upon the increasing of
the temperature. Therefore, at higher temperatures, the chain growth probability (considering heavy FT products)
value would be lower, suggesting that the alpha value is inversely proportional to the temperature (a < 1/T) and
with the lower alpha value the mole fraction would be lower as well. This can justify why the increase of
temperature decreases the selectivity of the liquid product, while that of light hydrocarbons grows. In other
words, from the very different values of the activation energies (see Table 2), the Cs, products’ formation is

noticeably favoured over that of the light hydrocarbons upon the decrease of reaction temperature.

To sum up, the increase of temperature increases the rate constants and all reaction rates (through the Arrhenius
equation), followed by the decrease of chain growth probability; therefore, this results in the decrease of the
mole fraction of the liquid content of the products. The olefin to paraffin ratio can also be explained by the same
reason and considering the greater reaction rate for the termination step of the paraffinic compounds (R¢ ,qr)
compared to that of the olefins (R; ) due to lower activation energy barriers of the former compared to the

latter (see Table 2). The lower activation barriers of the former causes the termination reaction rate to grow faster



with an increase of temperature compared to the latter. Assuming a separate alpha value for paraffins (ap) and
olefins (a,), the denominator of Equation 19 would be greater for a, than that of the olefins, implying higher a,
compared to that of paraffins. Therefore, the mole fraction of the olefins would increase faster than for paraffins.
In contrast to heavier hydrocarbon, the y,, value for lighter hydrocarbons has inverse proportionality to a value.
In this case, since the ay/ap ratio increases upon the increment of reaction temperature, hence the y,/y,
decreases due to their inverse proportionality. This justifies why the increase of temperature decreases the
selectivity the olefins to paraffins ratio.

B Equation 19
iy quation
Yo =1 —a)a"? Equation 20

Figure 5 indicates how the CO and H, conversions and mole fractions at the centreline of the reactor are
influenced by the reaction temperature when the process conditions are set at constant total pressure of 25 bar,
H,/CO ratio of 2 and at high space velocity of 4500 Nm# (STP) g h™ (Figure 5). From these families of
figures, it is apparent that the CO and H, mole fractions decrease, while their consumptions and conversions
enhance significantly along the axial distance of the reactor bed length as the temperature rises, regardless of the
syngas space velocity. Generally, these figures imply that the consumption of syngas species increases faster and
their mole fraction decreases drastically upon increasing the temperature.

100

90 - Xco

80 -
;\5\ XHZ
> 70 -
E SCH4.
g 60 -
3
ko] 50 - SC5+
&
= i
g 40 —¥—SC0,
2 30 -
o
o

20 -

N M

0 S e " ' '

460 470 480 490 500 510 520 530 540
Temperature (K)

Figure 2 Effects of reaction temperatures on CO and H, conversions as well as the CO,, CHy, and Cs, products’
selectivities at constant P = 15 bar, GHSV = 7500 Nm# (STP) g..." h™" and Hy/CO = 2.
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3.1.2.  Effects of Operating Space Velocity

The changes of CO and H, conversions, as well as, selectivities of CO,, CH, and Cs, under different process
conditions with respect to gas hourly space velocity (GHSV) on a Co/SiO, catalyst are illustrated in Figure 6.
This study was performed at the constant reaction temperature, total inlet pressure, and H,/CO molar ratio listed
in Table 7.

From Figure 6, the highest conversion of both CO and H, were obtained at the lowest GHSV in the range of the
studied process conditions. In fact, a low GHSV is associated with a high residence time so that the reactants
have sufficient time to react and their concentrations subsequently decrease; this justifies that the CO and H,

conversions increases upon decreasing the space velocity.

In addition, the results manifest the substantial increase of selectivity of heavy products and the decrease of that
of methane upon increasing the space velocity, suggesting that the increase of space velocity leads to the
elimination of mass transfer resistance so that the dominant effects of diffusional limitation yield the removal of
hydrocarbons from the active sites at the surface of the catalyst. Therefore, the increase of GHSV favours the
production of long chain heavy hydrocarbon components, while CH, selectivity, as expected, goes in the
opposite direction. The heavy products’ selectivity increases from about 58% to 83% with the increasing of the
GHSV from 1800 to 6000 Nm# (STP) g h™; Whereas the undesired methane selectivity decreases from about
35% to 10%. The lighter olefins (C,-C3) and paraffins (C,-C;) were nearly unchanged considering significant
changes of space velocity in the range of 1800-6000 Nm# (STP) g..~ h™. In general, the results show that the
selectivities of heavy FT products were sensitive to space velocity changes on a Co/SiO, catalyst, while this
parameter was the key element to attain the high conversion (CO and H,) rates; hence, likewise the temperature

factor had a significant impact on the catalytic activity, reaction kinetics and general performance of the reactor.

Figure 7 indicates the changes of CO and H, conversions and mole fractions in the gaseous phase respectively, at
the centreline of the reactor bed versus normalized axial distance of the reactor bed length for different values of
GHSV changing from 1800 to 6000 Nm# (STP) g~ h™. The figure includes a family curves for different space
velocity. Figure 7 represents the results obtained at a temperature of 490 K. The results indicate that the CO and
H, consumptions are more sensitive to GHSV for the lower temperature’s case. For instance, the increase of
GHSV from 1800 to 6000 Nm# (STP) gesr - h™* results in the reduction of CO and H, conversions from 82% and
83% to 51% and 53% at the lower temperature of 490 K, respectively; whereas, the similar variables decrease
from 99% and 82% to 81% and 73% respectively, at the higher temperature of 520 K.
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3.1.3.  Effects of Operating Pressure

Figure 8 to Figure 10 manifest the pressure effects on syngas conversion as well as CO,, CH, and Cs. products’
selectivities, the selectivity of light paraffins, and the olefin to paraffin ratio as well as light olefin products,
respectively. Typically, at low total pressures, the establishment of the thermodynamic equilibrium proceeds
more gradually; whereas at equilibrium condition the products are mainly liquids. As shown in Figure 8, an
increase in total pressure yields the product selectivities towards heavy products implying the condensation of
hydrocarbons, which are normally in the gaseous state at atmospheric pressure. It is also important to notice that
higher pressures typically lead to saturation of catalyst pores by liquid formation. From Figure 8, it is apparent
that when the total pressure increases from 1 to 30 bar, the liquid products’ selectivity significantly rises from
about 36% to 92% at typical process conditions with respect to temperature, space velocity and H,/CO molar
ratio. As depicted in Figure 8, the changes of CO and H, conversions are proportional to the total pressure:
increasing pressure results in the increment of CO and H, conversions from about 39% and 38% at 1 bar to 95%
and 91% at 30 bar, respectively. Also, the selectivity C,-C; paraffins decreases as the total pressure increases
(see Figure 9). For instance, the selectivity of C;H;¢ (heptane) decreases from 0.57% to 0.02% as the total
pressure varies from 1 to 30 bar. Similarly, the selectivity of C,Hg (ethane) and CsHg (propane) decrease from
3.49% and 4.15% to 0.12% and 0.14% respectively, which indicate the faster reduction of the hydrocarbon
compounds with lower carbon atom number. Therefore, the increase of the total pressure would have adverse
effect on tail gas and LPG productions which exhibits the increase of pressure condition is not desirable if the
low chain hydrocarbons are preferable products. Similar behaviours were attained for light olefin components as
it can be seen in Figure 10; whereas the olefins to paraffins ratio were not changed. CH, selectivity decrease
substantially with the increasing of the pressure, which is a favourable condition as this component is undesired

FT products.

Figure 11 and Figure 12 indicate the influence of total pressure on syngas consumptions in terms of CO and H,
conversions and mole fractions, at the centreline of the fixed-bed reactor along the normalized axial dimension
of the bed length, when the temperatures, space velocity and H,/CO ratio are set at a constant 500 K, 2400 Nm#¢
(STP) gear * h™* @nd 2 (mol/mol), respectively. From Figure 11 and Figure 12, one can deduce that the increase of
pressure from 1 to 30 bar results in significant enhancement of catalytic activity in terms of syngas consumption.
The CO and H, conversion increase faster at lower total pressure (e.g. 1-10 bar) compared to that of the higher
range of 10-20 bar; suggesting that the syngas consumption rate is more sensitive to total pressure at its lower
range. When pressure increases from 1 bar to 10 bar then CO and H, raise from about 39% and 38% to about
85% and 82%, respectively; whereas at a higher-pressure range, these variables changes from 85% and 82% at
10 bar to 92% and 88% at 20 bar.
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3.1.4. Effects of Synthesis Gas Composition (H,/CO Molar Ratio)

Figure 13 shows the influence of the hydrogen to carbon monoxide molar ratio on CO and H, conversions, as
well as the selectivities of CO,, CH, and Cs, when the temperature, pressure and space velocity are set at 510 K,
10 bar, and 4500 Nm# (STP) gear* h™, respectively. Their effects on selectivities of paraffins with carbon atom
C,-C; are also shown in Figure 14. In addition, the product olefins as well as the changes of olefin to paraffin
ratio with respect to the H,/CO ratio are demonstrated in Figure 15. The increase of the H,/CO ratio leads to a
different proportion of adsorbed hydrogen and surface carbon atoms as well as their partial pressures. As
manifested from the final developed kinetic model, CO and H, have inhibiting and positive impacts on the rate
of reaction respectively; suggesting that the consumption rate of CO increases with the rising of the H,/CO ratio,
while that of H, decreases upon the increment of the ratio. The increase of the H,/CO ratio results in the
enhanced hydrogen concentration on the active sites and increments the hydrogenation degree of highly
concentrated monomers. At the same time, this accelerates the rate of chain termination step causing faster
desorption of products rather than incorporating to the chain growth, which results in a reduction of selectivity of
heavy FT products and a subsequent increase of light hydrocarbons (C,-C-) (see Figure 14). It is also evident
from Figure 13 that the major loss of liquid (Cs.) formation was due to a methanation reaction in which the Cs,
and methane selectivities changed from about 93% to 72% and 5% to 20% with the increasing of the H,/CO ratio
from 1 to 3.5 (mol/mol), respectively. As can be seen in Figure 15, the olefins/paraffins ratio slightly decreases
upon the increasing of the ratio, while (from Figure 13) the CO, selectivity decreases from about 15% to 1%;
which implies the slight water gas shift activity at low H,/CO ratio. It was found from the kinetic model and
governed equations (i.e. model WGS-VII with RDS-4) that the water gas shift reaction rate is inversely
proportional to the H,/CO ratio and one can conclude that the partial pressures of both reactants as well as their
proportion have substantial effects on the rate of CO, formation. In addition, this can be seen from Figure
16Error! Reference source not found. which illustrates the trend of changes of Ry, .¢ (water gas shift reaction
rate) along the axial dimension of the tube length at different H,/CO molar ratio in which the rate decreases from

1.4964 x 1075 t0 1.987 x 10~7 mol gz s~* upon the increasing of the molar ratio from 1 to 3.5 mol/mol.

Figure 17 (a) to (d) show how the CO, H,, and syngas conversion and mole fraction at the centreline of the
reactor are influenced by the input H,/CO molar ratio when the process conditions are set at a constant
temperature, pressure and GHSV of 510 K, 10 bar and 4500 Nm# (STP) gesc - h™, respectively. In contrast to the
previous figures of reactant consumption versus normalized axial distance, the inlet contents of CO mole fraction
or H, mole fraction is not identical as the hydrogen to carbon monoxide fraction varies at the inlet of the reactor
bed. From this figure, it is apparent that the increase of H,/CO ratio leads to the increment of syngas
consumption. Although this is a true manifestation, it would not be confirmed unless the comparison of syngas
conversion is performed. From Figure 17, it can be deduced that the outlet CO conversion increases from 23% to
99% upon the increment of the ratio from 0.25 to 6. Overall, a high H,/CO molar ratio would be suggested for
increasing the catalytic activity and overall performance due to the considerable increase of CO conversion as
well as significant reduction of CO, selectivity, though a low H,/CO feed ratio would be preferable for the

increased production of heavy hydrocarbons.
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For the present study, the influences of critical process conditions i.e. reaction temperature, total pressure, space
velocity, and H,/CO inlet molar ratio on conversion of syngas compositions and FT products’ selectivities, are

summarized in Table 8.

Table 8 effects of operating conditions on FT products’ selectivity and syngas components’ conversion

Components Temperature Pressure GHSV H,/CO molar ratio
H, conversion X, T i ! !
CO conversion™ Xco
CH, selectivity ' Scu, 1 I l 1
CO, selectivity Sco, 1 13 ! l
Olefins selectivity Scy—cs 1 ! L T
Olefin/paraffin ratio So/Sp ! - N N
Light paraffins Se¢,—c, 1 l - T
Liquid products Scq. | 1 ) !

*All the operating process conditions, except space velocity, have positive impact on CO conversion.
1 The effects of all process conditions on CH,4 and Cs, products obtained completely in the opposite direction.
§ Slightly changed

3.2.  Multi-objective Optimization Results

The obtained results, based on the parametric studies, indicated that all the process parameters had significant
impacts on output conversion and products’ selectivity. Hence, all parameters were considered in the multi-
objective optimization process using Non-Dominated Sorting Genetic Algorithm (NSGA-II) to optimize the

fitness functions (i.e. objective functions).

The target of the optimization study was to maximize the selectivity of desired products i.e. high molecular
weight hydrocarbons, in general Cs, selectivity, to maximize the synthesis gaseous conversions (in particular CO
conversion) and to minimize the formation of undesired products i.e. carbon dioxide and methane products.
Accordingly, four objective functions comprised a multi-objective optimization process. Also, four control
operators, as (1) the number of populations, (2) number of generations, (3) crossover and (4) mutation rate were
used in the NSGA-II in which the first two were identified as the key elements. Table 6 lists the selected values
of each of these operators and the best tried value of the operators in the optimization procedure. The optimizer
terminates as the maximum number of generations is reached. The mutation and crossover rates were set to 0.2
and 0.8 respectively, as suggested in ** **; however, different values were tried at different optimization runs to
identify its impact on the optimization results. The crossover function specifies the fraction of the population at
the next generation, excluding elite children, which is one of the reproduction options to specify how the genetic
algorithm builds children for the succeeding generation *. Elite count is a positive integer specifying how many
individuals in the current generation are guaranteed to survive to the next generation. The crossover enables the
algorithm to extract the best genes from different individuals and recombine them into potentially superior
children. Mutation adds to the diversity of a population and thereby increases the likelihood that the algorithm

will generate individuals with better fitness values. More information about the operators and the method of their



selection can be found in the literature “°. The Pareto-front solutions can be plotted by 2D and 3D scatter
between two and three objectives, respectively. Figure 18 to Figure 20 show the solutions plotted by 2D scatter
between CO, selectivity vs. CO conversion; Cs. selectivity vs. CO conversion; and CH, selectivity vs. CO
conversion, respectively. One of the key factors that determines the performance of the genetic algorithm is the
diversity of the population. If the average distance between individuals is large, the diversity is high; if the
average distance is small, the diversity is low. Getting the right amount of diversity is a matter of trial and error.
If the diversity is too high or too low, the genetic algorithm might not perform well. From (Figure 18 to Figure
20), it is apparent that the diversity of the populations are neither low nor high, which indicate that the values of
crossover as well as mutation rate were perfectly defined for the current optimization; since these operators
generally add to the diversity of the population and thereby increases the likelihood that the algorithm will

generate individuals with better objective values *°.

The obtained Pareto frontiers reveal the conflict between the objective functions. For example, any operating
conditions that increases the CO conversion will evidently reduce Cs. selectivity as it is apparent from Figure 19.
In other words, the point of maximum CO conversion (point ‘A’ in Figure 19) corresponds to the minimum of
Cs. selectivity, while the maximum of the latter objective function leads to the minimum of the former which of
course is not desirable (point ‘‘B’” in Figure 19). If the single-objective optimization would have been conducted
for CO conversion then point “A” would be the solution of the optimization, while for Cs. selectivity it would be
point “B”. Moreover, any operating condition that increases the CO conversion increases the CH, selectivity
which will lead to production of undesired lighter hydrocarbon compounds as can be seen from Figure 20. As it
is evident, the point of maximum CO conversion (point ‘‘C’’ in Figure 20) corresponds to the maximum of CH,4
selectivity (point ‘D’ in Figure 20), while the minimum of the latter objective function leads to the minimum of
the former. Similarly, if the single-objective optimization would have been conducted for CO conversion then
point “C” would be the solution of the optimization, while for CH, selectivity it would be point “D”. Apparently,
there is no combination of the operating conditions that can optimize all the objectives simultaneously. Each
individual point on the Pareto frontier lines in Figure 18 to Figure 20 is an optimal solution and such results can
be utilized as a database of optimum solutions from which the selection of the optimum operating condition
(independent variables) can be conducted from the higher-level information, experience as well as the
importance of each objective function for a specific application. Comparison of the experimental data overlaid
on Figure 18 to Figure 20 with Pareto-frontier solutions reveals that, not all the experiments were conducted at
optimum operating conditions that led to the best performance for all objective functions. Hence, the
optimization results represented herein manifested the possibility of remarkable improvement in FTS conversion

and selectivities. |
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The boundary conditions of the process parameters considered for the optimization procedure are listed in Table
9. The best two experimental data in terms of selectivities of CH,, CO, and Cs. products as well as CO
conversion were selected for comparison with the optimization results. The pie charts (Figure 21 to Figure 23)
show the results of selectivities at the selected runs as well as that obtained from the optimization procedure.
Also, the values of CO conversion and CO, selectivity, together with the process operating conditions, were
given in the chart for comparison. It can be seen that better outcomes were obtained from the optimization study
for all the objectives compared to those of the experiments. In detail, the optimization study showed the optimum
CO conversion at 94.26%, which is better than that of Exp. 01 at 78.04% but not as good as Exp. 06 (see Table
4 and 5 in the previous study **) at 99.15%. However, with regard to Cs, and CH, selectivities, the optimization
case indicated the optimum selectivities were at 91.06% and 6.57%, respectively while Cs, selectivity was
obtained at 90.45% and 85.30% for Exp. 01 and Exp. 06 (see Table 4 and 5 in the previous study **), and CH,
selectivity was about 7.06% and 10.96%, respectively. Hence, the performance of the FTS was improved with
respect to the desired Cs, and undesired CH, selectivity. Last but not least, CO, selectivity determined from the
optimization procedure was almost zero, while that of the optimum experiential runs measured CO, values at
4.52% and 14.68%. The optimum selected condition from the optimization data-set was achieved at T =485 K, P
= 30 bar, GHSV = 1800 Nm# (STP) ge™ h™ and H,/CO = 2.6. It is apparent that better global output was

attained at low temperature, space velocity, high pressure and inlet hydrogen-to-carbon monoxide molar ratio.

Table 9 Boundary conditions considered for optimization with respect to reaction temperature, total pressure and
space velocity and carbon monoxide molar ratio

Temperature range Pressure range Space velocity range H,/CO range
(K) (bar) (Nm# (STP) gear ) (mol/mol)
470-530 1-30 1800-6000 1-3.2

The trends herein reported, manifest that a compromise has to be found in the selection of the process conditions
in order to find the optimal operating set-point. The developed model and overall kinetics mechanism reported,

together with the optimization procedure presented herein, represented a key tool for such an investigation.
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Figure 21 The first optimum experimental results.
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Figure 22 The second optimum experimental results.
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Figure 23 The optimum results obtained from multi-objective optimization (using NSGA-II).
4. Conclusion

The capability of the developed mathematical model for calculating the trend of changes of reactant and
products’ concentrations, partial pressures, mole fractions as well as conversion and selectivities was
highlighted. Such outcomes are profoundly beneficial in reactor design, scale-up, the understanding of its
behaviour in operation and predicting the effect of changing operating conditions which highlights the
effectiveness of the develop mathematical tool. The developed mathematical model was employed to conduct
parametric studies (sensitivity analysis) as well as multi-objective optimization of FTS global performance
parameters using NSGA-II. Initially, the parametric studies were conducted to identify those input variables that

have the most significant effect on conversion and selectivity of products species.

The results indicated that the increase of reaction temperature had positive influence on catalytic activity and its
performance in terms of conversion of syngas compositions. However, increasing the temperature had also an
adverse impact as it resulted in increased CO, selectivity and the shift toward low molecular weight
hydrocarbons products (i.e. Methane, olefins: C,-Cs, paraffins: C,-C;) over the Co/SiO, catalyst. In contrast, it
was shown that the formation of heavier hydrocarbons (Cs.) was favoured at low temperatures. All the reaction
rates were enhanced upon increasing temperature (R; « T), hence more reactants were consumed and more
products were formed. However, the results manifested that the products distributions were not directly
proportional to the temperature (in the case of higher molecular weight) as it is explained by the nature of the
chain growth probability («) defined by the rate of propagation (growth) and termination steps. It was shown that
a was inversely proportional to termination reaction rate (o « 1/R;). Meanwhile, the mole and mass fraction of

heavier hydrocarbons increased upon increasing the a value. This justified why the increase of temperature led



to lower liquid product selectivity, while the higher light hydrocarbons formed. Moreover, methane had higher
temperature dependency compared to other hydrocarbons due to its lower activation barriers and hence its

production rate increased faster than other light hydrocarbons.

The highest CO and H, conversions were obtained at the lowest GHSV values. This was true as a low GHSV is
associated with a high residence time so that the reactants have sufficient time to react and subsequently their
concentrations decrease. The results indicated that the selectivities of heavy FT products were sensitive to space
velocity changes on Co/SiO, catalyst, while this parameter was the key element to attain the high conversion
rates (of CO and H,). GHSV, similarly to the temperature factor, had substantial impact on the catalytic activity,
reaction kinetics and overall performance of the reactor. It was shown that the CO and H, consumptions are
more sensitive to GHSV at lower temperature condition. In addition, the results manifested the substantial
increase of selectivity of heavy products and the decrease of that of methane upon increasing the space velocity,
suggesting that the increase of space velocity leads to the elimination of mass transfer resistance so that the
dominant effects of diffusional limitation yield the removal of hydrocarbons from the active sites at the surface
of the catalyst. Therefore, the increase of GHSV favours the production of long chain heavy hydrocarbon

components, while CH, selectivity, as expected, goes in the opposite direction.

Pressure effects were also considerable in that the increase in total pressure moved the product selectivities
towards heavy products due to hydrocarbons condensation, which are normally in the gaseous state at
atmospheric pressure. In fact, the saturation of catalyst pores by liquid formation happens at high pressure
condition. The changes of CO and H, conversions were proportional to the total pressure: increasing pressure
resulted in the increment of CO and H, conversions. Also, the selectivity C,-C; paraffins decreased upon
increase of the total pressure. Such variation manifested the faster reduction of the hydrocarbon compounds with
lower carbon atom number. Hence, the increase of the total pressure had adverse effect on tail gas and LPG
productions which exhibited the increase of pressure condition is not desirable if the low chain hydrocarbons are
preferable products. Similar behaviours were observed for light olefin components; whereas the olefins to
paraffins ratio were not changed. CH, selectivity decrease substantially with the increasing of the pressure,
which is a favourable condition as this component is undesired FT products. The CO and H, conversion
increased faster at lower total pressure (e.g. 1-10 bar) compared to that of the higher range of 10-20 bar;

suggesting that the syngas consumption rate is more sensitive to total pressure at its lower range.

The increase of H,/CO ratio in the inlet reactants led to different proportion of adsorbed hydrogen and surface
carbon atoms. CO and H, had respectively inhibiting and positive impacts on the rate of reaction, suggesting that
the CO consumption rate increases with rising the H,/CO ratio whereas that of H, decreases upon the increase of
the molar ratio. This also resulted in enhancing hydrogen concentration on the active sites and increasing the
hydrogenation degree of highly concentrated monomers and accelerating the rate of chain termination step. This
caused faster desorption of products rather than incorporating to the chain growth, which resulted in a substantial
reduction of selectivity of heavy FT products and a subsequent increase of light hydrocarbons (C,-C;). Also, the
results manifested that the major loss of liquid (Cs.) formation was due to methanation reaction in which the Cs,
and methane selectivities changed from about 93% to 72% and 5% to 20% respectively with increasing the

H,/CO ratio from 1 to 3.5 (mol/mol). The olefins/paraffins ratio slightly decreased upon the increasing of the



H,/CO molar ratio, while the CO, selectivity decreased from about 15% to 1%; which implied the slight water
gas shift activity at low H,/CO ratio. It was found from the kinetic model and governed equations that the water
gas shift reaction rate is inversely proportional to the H,/CO ratio and one can conclude that the partial pressures
of both reactants as well as their proportion have substantial effects on the rate of CO, formation. In addition, the
trend of changes of Ry, ;s (water gas shift reaction rate) along the axial dimension of the tube length at different
H,/CO molar ratio was illustrated in which the rate decreased from 1.4964 x 107> to 1.987 x 10~7 mol gz s~ !

upon the increasing of the molar ratio from 1 to 3.5 mol/mol.

The results indicated that reaction temperature, total pressure, space velocity and H,/CO molar ratio had all
substantial influence on the performances. Hence, all parameters were considered in the multi-objective
optimization process using Non-Dominated Sorting Genetic Algorithm (NSGA-II) to optimize the fitness
functions (i.e. objective functions). Due to the conflicting objective functions, single values of the input variables
could not satisfy all the objective functions simultaneously. For instance, any operating conditions that increased
the CO conversion, reduced Cs. selectivity while increased the undesirable CH, selectivity. Thus, the optimum
solution was presented in the form of Pareto-fronts in which each individual points on these lines presented an
optimum solution. The trends of Pareto-fronts were so that the selection of input variables for optimum
performance required a compromise between different objectives. Such results serve as an optimal database that
can be considerably helpful for the selection of the optimal operating conditions for maximum performance of
FT process depending on the priority of the objective functions. The optimization results showed that the
optimum Cs, and CH, selectivities were at 91.06% and 6.57%, respectively and the CO, selectivity determined
from the optimization procedure was almost zero whereas the CO conversion was 94.26%. The optimum
selected condition from the optimization data-set was achieved at T = 485 K, P = 30 bar, GHSV = 1800 Nm+
(STP) gear ™ h™* and H,/CO = 2.6. It is apparent that better global output was attained at low temperature, space

velocity, high pressure and inlet hydrogen-to-carbon monoxide molar ratio.
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