-

View metadata, citation and similar papers at core.ac.uk brought to you by .i CORE

provided by Bradford Scholars

1 Parameter Estimation of a Six-Lump Kinetic Model of an

2 Industrial Fluid Catalytic Cracking Unit

Yakubu M. John?, Mustafa A. Mustafa®, Raj Patel?, Igbal M. Mujtaba®*

Chemical Engineering Division, School of Engineering, University of Bradford, Bradford,
BD7 1DP, UK

Department of Chemical Engineering, Faculty of Engineering, University of Khartoum,
Sudan

* |.M.Mujtaba@bradford.ac.uk

© 00 N o o1 b~ W

10  Abstract

11 In this work a simulation of detailed steady state model of an industrial fluid catalytic
12 cracking (FCC) unit with a newly proposed six-lumped kinetic model which cracks gas oil
13 into diesel, gasoline, liquefied petroleum gas (LPG), dry gas and coke. Frequency factors,
14 activation energies and heats of reaction for the catalytic cracking kinetics and a number of
15  model parameters were estimated using a model based parameter estimation technique along
16  with data from an industrial FCC unit in Sudan. The estimated parameters were used to
17  predict the major riser fractions; diesel as 0.1842 kg-lump/kg-feed with a 0.81% error while
18 gasoline as 0.4863 kg-lump/kg-feed with a 2.71% error compared with the plant data. Thus,
19  with good confidence, the developed kinetic model is able to simulate any type of FCC riser
20  with six-lump model as catalyst-to-oil (C/O) ratios were varied and the results predicted the

21  typical riser profiles.

22 Keyword: FCC riser; modelling and simulation; six-lumped model; parameter estimation.
23

24 1. Introduction

25  As demand for heavy crude has decreased over the last decade, the demand for lighter end
26  fractions, such as diesel, gasoline and olefins, have consequently increased. The FCC unit
27  converts gas oil, with high boiling point petroleum fractions, into the much essential
28  transportation fuels such as gasoline, diesel and jet fuel (Sadeghbeigi, 2000). This is to
29 increase the refinery output of consumable/sellable products and meet demand, which would

30 inturn maximise the profits of the refinery.
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The conventional FCC unit is made up of the riser for cracking reaction and the regenerator
for catalyst regeneration (John et al., 2017b, John et al., 2017a, Sadeghbeigi, 2000, Han and
Chung, 2001a). When the gas oil is atomized with dispersed steam on the surface of the
catalyst at the vaporization section of the riser, it vaporizes instantaneously and the bulk fluid
moves pneumatically upward into the riser where the hydrocarbon vapour breaks down into
lighter products as it journeys upward with the hot catalyst. As a result, coke, a by-product of
the reaction, is deposited on the surface and pores of the catalyst thus, deactivating it. The
cracked products are separated into catalyst and vapour in the disengaging section with the
use of cyclones. While the vapour goes to the fractionators for further separation, the
deactivated catalyst flows into the regenerator through the stripping section, where the coke
deposited on catalyst is burnt off rendering the catalyst sufficiently hot and activated or
regenerated. The hot regenerated catalyst is returned continuously to the riser reactor for
continuous cracking reactions, which supplies the heat responsible for endothermic cracking
reactions. This continuous catalyst circulation is possible because of both heat generation and

consumption during chemical reactions along with the unit’s hydrodynamic balance.

The heat balance of the FCC unit, a major influence of the hydrodynamics of the process,
depends on the endothermic heats of the cracking reactions (Arbel et al., 1995) and needs to
be adequately measured. During regeneration, heat produced compensates the heat necessary
for the endothermic cracking reactions, resulting in the FCC unit operating under conditions
of thermal balance (Arandes et al., 2000). These conditions of thermal balance are influenced
by the heat from the feed, the vaporization steam, regenerated catalyst and the endothermic
reactions in the riser. Most of the heat components are measureable with less difficulty
compared with the heat produced or consumed during the endothermic reactions. To account
for the endothermic heat of reactions, it is necessary to measure the enthalpy of reaction in

the riser, which is important for the effective control, and stability of the FCC unit.

Many riser models of FCC unit found in the literature do not use equations that account for
the endothermic heat of reaction in the riser. At best, the temperature profile of the gas phase
is presented. A real industrial plant located in Sudan is simulated in this work. It has five
products and a feed, making it a six lumped kinetic model; they are gas oil, diesel, gasoline,
liquefied natural gas (LPG), dry gas and coke. To simulate this industrial FCC unit, a six
lumped kinetic model that adequately represents its product distribution is required.
However, this six lumped kinetic model is unique and not readily used in the literature.
Where this six lumped kinetic model was used (Du et al., 2014, Xiong et al., 2015, Zhang et
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al., 2017), the riser model did not account for the heat of reaction, which is the endothermic
heat required for the cracking of the feed. This heat of reaction is important and a
requirement for the riser model used in this work (Han and Chung, 2001a, Han and Chung,
2001b). This six-lumped kinetic model (Du et al., 2014, Xiong et al., 2015, Zhang et al.,
2017) have their frequency factors and activation energies presented in the literature.
However, they did not provide their enthalpies; hence, the data they used cannot be used to
account for the endothermic heat of reaction. In this work, the endothermic heat of reaction
will be calculated using a similar but new six lump Kinetic reaction scheme which
incorporates the new enthalpies of reaction, frequency factors and activation energies
obtained through parameter estimation technique in gPROMS. These new estimated
parameters will make it possible for the simulation of the FCC unit in Sudan using the robust
riser model of Han et al., (20114, b) and account for the endothermic heat of reaction.

Hence, in this work, the FCC unit simulation model of Han et al., (2011a, b) is used on
gPROMS software for parameter estimation to estimate activation energies, frequency factors
and enthalpies of a new riser cracking reactions scheme of an industrial FCC plant located in
Sudan. This new and comprehensive kinetic model and parameters of the reaction scheme of
the industrial plant in Sudan can be used to simulate other FCC units with similar product

distribution.

1.1. Kinetic modelling and model parameters
The FCC is a significant unit that has drawn the attention of many researchers. However,
little achievements have been made when it comes to the accurate understanding of the riser
unit behaviour. This could be due to the complexity of the riser’s feed which is a complex
mixture of extremely large number of unknown compounds. Also, there is the complex
hydrodynamics of the riser owing to the three phases (solid, liquid and gas) nature along with
gas phase volume expansion due to vaporization and cracking reaction (Kumar and Reddy,
2011). The challenge with the cracking reaction is its characterization. Most research efforts
to model cracking kinetics consider components with similar characteristics as a single lump
and each lump is considered unique. There are three kinds of such lumping strategy. The first
is the parametric strategy that considers a lump, being the feed, which cracks into some
lumps such as gasoline, gas and coke as products of cracking reactions (Theologos and
Markatos, 1993, Jacob et al., 1976). The second type of lumping strategy is pseudo-cracking
where the feedstock and products are considered to be a mixture of some hypothetical or

pseudo components (Bollas et al., 2004, Gupta et al., 2007) giving rise to many lumps. The
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third is the structure oriented lumping, which offers a basis for molecular based modelling of
all refinery processes. It creates reaction networks of varying sizes and difficulties and treats
hydrocarbon molecules as structures that builds continually (Quann and Jaffe, 1992).
Although each strategy has its advantage and disadvantage, the lumping strategy has gained
acceptability in the characterization of reactants and products from the cracking reactions in
the FCC unit, with different number of lumps used by different researchers.

The 3-lump kinetic model (Weekman, 1968) was the first to be presented, where gas oil was
cracked into two other lumps; gasoline and gases plus coke. Coke is useful when burnt in the
regenerator to provide the heat required for the cracking reactions in the riser, hence, the 3-
lump model was further broken to form the 4-lump model (Lee et al., 1989). The 4-lump
model includes gas oil, gasoline, gases and coke. Further increment of lumps were added to
acquire more detail and to achieve a higher level of accuracy in the lumping strategy. This led
to the development of several lumps and although the number of lumps may be the same, the
nature of lumps may be different. For instance, the six-lump model of Souza et al., (2011) is
different from the six-lump model of Mu et al. (2005). The increase in number of lumps
continued to the 5-lump model (Dupain et al., 2003, Jorge Ancheyta Juarez, 1999); the 6-
Lump model (Takatsuka et al., 1987, Du et al., 2014, Xiong et al., 2015, Zhang et al., 2017);
7-lump model (Heydari et al., 2010, Xu et al., 2006); 8-lump model (Gao et al., 2014,
Hagelberg et al., 2002); 9-lump model (You, 2013, You et al., 2006); 10-lump model (Jacob
etal., 1976); 11 lump model (Mao et al., 1985, Sa et al., 1985, Zhu et al., 1985) and so on. In

this work, new kinetic parameters are developed for a new six-lump model.

1.2. Six-lump model

Although several six-lump models have been used in the modelling of the FCC unit Kinetic
reactions, all have their unique characteristics. A six lump kinetic model (Baldessar and
Negrédo, 2005, Souza et al., 2011) was used that cracks gasoil into gasoline, LPG, fuel gas,
light cycle oil (LCO) and coke lumps. Mu et al. (2005) presented a different six-lump model;
it cracks residual fuel oil (RFO) into heavy fuel oil (HFO), light fuel oil (LFO), gasoline, gas
and coke. Besides the fact that their product distributions are different, their respective
frequency factors and activation energies are different and were presented (Mu et al., 2005)
without the heat of reaction for each cracking reaction. Hence, these kinetic models may not
be suitable for use with the comprehensive model (Han and Chung, 2001a, Han and Chung,
2001b) of FCC unit used in this study. Another six-lump model, which is similar and

presented the same lumps as the one developed in this work was presented in the literature
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(Xiong et al., 2015, Du et al., 2014, Zhang et al., 2017), the difference being the secondary
cracking reactions of LPG and dry gas into coke. This difference is significant because many
authors assume that the cracking reactions of some lumps into others lumps can be neglected
to reduce the total number of kinetic parameters to be accounted for. However, with a
powerful tool that performs accurate parameter estimation, all parameters can be estimated,
and the data can then be subjected to the decision of whether to neglect some reactions or not.
Therefore, the new kinetic model accounts for kinetic data for the secondary cracking
reactions of LPG and dry gas into coke. Again, only kinetic data such as the frequency factors
and activation energies are presented (Du et al., 2014, Xiong et al., 2015, Zhang et al., 2017)
without the heat of reactions of the kinetic equations involved, which are required by the riser
model used in this study. The six-lump kinetic model developed in this work cracks gas oil
into diesel, gasoline, LPG, dry gas and coke. It estimates the heat of reactions involved in the
six-lump cracking reactions and presents Kkinetic data (frequency factors, activation energies
and heats of reaction) for the secondary reactions of the conversion of LPG and dry gas into
coke. Figure 1 shows a schematic diagram of the kinetic model presented by Du et al.,
(2014), Xiong et al (2015) and Zhang et al. (2017), even though Xiong et al (2015) did not
present the secondary cracking of LPG to dry gas, while Figure 2 shows the proposed kinetic
model to be used in this work. As stated earlier, the difference between Figures 1 and 2 is the

secondary cracking reactions of LPG and dry gas into coke.

Figure 1. Six-lump kinetic model (Du et al., 2014, Xiong et al., 2015, Zhang et al., 2017)
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Figure 2. Six-lump kinetic model as proposed in this work
2. The Riser Model

A typical configuration of a FCC process consist of two major units; the riser and regenerator

as shown in Figure 3. The refinery in Sudan is a type of a residue FCC unit (RFCC)

Product

Fractionator
Flue gas

Riser Regenerator

Feedé )

Figure 3. A schematic diagram of the RFCC unit

The FCC riser is modelled as a one-dimensional plug flow reactor without axial and radial
dispersion. It was established that the one dimensional model is capable of predicting the
overall performance of the riser (Theologos and Markatos, 1993), hence it can be adequate
for the parameter estimation in this work. The regenerated catalyst meets gas oil and
vaporizes almost immediately into the riser moving pneumatically upward. This leads to a
cracking reaction on catalyst surface to form valuable fuels such as diesel, gasoline, LPG, dry
gas and coke. The industrial riser considered in this work is 47.1 m in height and 1.36 m in

diameter.



168
169
170
171
172
173
174
175
176
177
178
179
180
181
182
183
184
185
186
187
188
189
190
191
192
193
194
195
196
197
198
199
200

The riser simulation model combines mass, energy and momentum balance equations for the
catalyst and the gaseous phases based on the following assumptions:
1.  The hydrocarbon feed instantly vaporizes as it comes into contact with the hot catalyst
from the regenerator, then moves upward in thermal equilibrium with the catalyst and
there is no loss of heat from the riser (Ali et al., 1997).
2.  The cracking reactions only take place in the riser and on the catalyst surface. The
reactions are assumed fast enough to justify steady state operation.
3. The rates of dispersion and adsorption inside the catalyst particles are negligible.

Some model equations along with some of their parameters used in this simulation study
were adopted from literature (Han and Chung, 2001a, Han and Chung, 2001b, John et al.,
2017a, John et al., 2017b). The feed conditions and other parameters were obtained from an
industrial refinery from Sudan and presented in Appendix Table A.3. Material balance
equations for the various lumps showing the six-lump; gas oil, diesel, gasoline, LPG, dry gas
and coke are represented by Equations (15-20). The overall rates of reaction for the six

lumps: gas oil Rg,, diesel Rgq,, gasoline Ry, LPG Rypg, dry gas Ry,, and coke Ry, were

go
developed from the six-lump kinetic reaction scheme and are presented in Equations (21-26).
These equations are new  six lumped model equations since they include the secondary
reactions of the cracking of LPG and dry gas to coke which were not in the literature. Each
overall rate of reaction is a function of an overall rate constant that is described by the
Arrhenius equation given in Equations (27-41), which include the new overall rate constants
of the secondary reactions of the cracking of LPG and dry gas to coke. During the catalytic
cracking, endothermic heat from the regenerator is utilized in the riser, and the rate of heat
removal by reaction, Qreact, IS €Stimated by Equation 42, a unique feature of the current riser
model used in this study. Equations (43 and 44) are derived from the energy balance of the
riser showing the temperature of catalyst and gas phases. The equations that govern the
hydrodynamics of the riser are described in Equations (45-59), with Equations (55-56)
describing the momentum balance equations, which gives the catalyst and gas velocity
distributions across the riser. The gas volume fraction, €,, and catalyst volume fraction, &,

are obtained from Equation 45. They give a hydrodynamic constraint such that, the
summation of the volume fractions add up to unity. Equation (51), the riser pressure, is
obtained from the simple ideal gas relationship but well accounted for with Z as the

compressibility factor (Equation 70). Equations (1-14) are riser model equations for four
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lumped Kkinetic model used in this work to demonstrate the capability of the parameter

estimation technique to predict the right kinetic parameters.

The riser model equations are a set of nonlinear and algebraic equations and gPROMS is used
for the solution. gPROMS is a general process modelling system for simulation, optimisation
and control (both steady state and dynamic) of highly complex processes such as the FCC
unit riser. It is an equation oriented software and all solvers have been designed specifically
for large-scale systems such as the FCC unit with no restrictions regarding problem size other
than those imposed by available machine memory (Mujtaba, 2012). In spite of the robustness
of gPROMS, there are just a few known literature on the use of the software to solve the
models of the FCC unit. These (John et al., 2017a, John et al., 2017b, John et al., 2017c,
Jarullah et al., 2017) are the first attempts and gPROMS proves to be a reliable software. The
riser model is constructed in the model section and the parameters are specified in the process
section of the gPROMS software 4.2.0. The gPROMS software is capable of analysing the set
of equations to determine the stiffness of the system and calls on the appropriate solvers, in
this case, solvers capable of solving the nonlinear system of equations of the riser model and

perform adequate parameter estimation.



Table 1: Equations and descriptions

Description of variable Equations Eqg.No

Kinetic model equations for the four-lumped model (Han and Chung, 2001a, Han and Chung, 2001b)

Gas oil fractional yield along the riser % B pCEC.Q.R 1)

height dx  Fg ¥

Gasoline fractional yield along the riser %  PeEc @)

height dx ~ F, ¢

Light gas fractional yield along the riser % B pCSCQ.R 3

height dx Fg &

Coke fractional yield along the riser height % _ PcEL) 4)
dx Fg ck

Rates of reaction for gas oil R, Rgo = — (kg + Ky + Kk3)ygo° D¢ (5)

Rates of reaction for gasoline Rg Rg = (k1ygo? — Kayg — Ksyg)0c (6)

Rates of reaction for light gas R¢s Rgs = (kZYgoz -k 4Yg1)¢c @)

Rates of reaction for coke Ry Rek = (ksygo® — Ksygl) 0. (8)

Overall rate constants for cracking gas oil —-E; 9)

. k1 = klO eXp

to gasoline RyTg

Overall rate constants for cracking gas oil <—E2 ) (10)
k2 = kzo exp

to gases RgTg

Overall rate constants for cracking gas oil —E; (11)
k; = ks exp

to coke Ry Ty




Overall rate constants for cracking gasoline —E, (12)
ky = kg exp

to gases RgTg

Overall rate constants for cracking gasoline —E: (13)
ks = K5g exp

to coke RgTg

Qreact is the rate of heat generation or heat | Qeucc = —(AH;kqygo? + AHyK,yg0? + AH3K3y g0 + AH K4yg + AHsksyg )9 (14)

removal by reaction

Kinetic model equations for the six-lump model developed in this work

Gas oil fractional yield along the riser dng PcEQ R (15)

height dx ~ Fy %

Diesel fractional yield along the riser | dy, ~— pcecQ (16)

; dx  F dz

height g

Gasoline fractional yield along the riser | dy,  p.e.Q a7

height d«  F, ¢

LPG fractional yield along the riser height | dy, . p.e.Q (18)
dx Fq lpg

Dry gas fractional yield along the riser | dy,,  p.e.Q R (19

height d«x ~ F,

Coke fractional yield along the riser height | dy_, el R (20)
dx  Fy ck

Overall rate of reaction for gas oil R, Rgo = —(Kgo—dz + Kgo—g + Kgo—ck + Kgo-ipg + Kgo—dg)Veo e (21)

Overall rate of reaction for gasoline Ry, (22)

Rar = ((Kgo-dz Yao?) — (Kas—cc + Kasog + Kar-ipg + Kap-dg)¥ar ) Bc




Overall rate of reaction for gasoline Rg; Ry = (kgo—g ygoz — Kz—gl Yz — (kg1—1pg + kgj_gg + kgl-ck)ygl)(Dc (23)
Overall rate of reaction for light gas Ripg | Rypg = (Kgo—ipg Ygo? + Kaz—lpg Yaz + Kel-ipg Va1 — (Kipg—dg + Kipg—ck)Vigp) Dc (24)
Overall rate of reaction for light gas Rgg Rag = (Kgo-dg Ygo + Kdz-dg Yaz + Kgldg Y + Kipg—dg Yipg — Kdg—ck Yag)Pc (25)
Overall rate of reaction for coke R Rk = (kgo—ck Yao? + Kaz—ck Yaz + Kgl—ck Yg + Kipg—ck Yipg — Kdgck ng)qjc (26)
Overall rate constants for cracking gas oil —Ego—dz (27)
. kgo—dz = kogo—dz exp W
to diesel g'g
Overall rate constants for cracking gas oil —Ego—gl (28)
. Kgo-g1 = Kogy g €XP | -7
to gasoline 9'g
Overall rate constants for cracking gas oil —Ego-1pg (29)
kgo—lpg = kogo—lpg exp R.T
to LPG g'g
Overall rate constants for cracking gas oil —Ego—dg (30)
kgo—dg = kOgo_dg exp R.T
to dry gas 9'8
Overall rate constants for cracking gas oil —Ego—ck (31)
kgo—ck = kOgo_ck exp “R.T.
to coke 9°'8
Overall rate constants for cracking diesel —Eqz-gi (32)
. Kaz-g1 = Koy, o, €Xp T
to gasoline 9'8
Overall rate constants for cracking diesel —Eqz-1pg (33)
Kaz-1pg = Koy, 1, €XP “R.T.
to LPG 9'g
Overall rate constants for cracking diesel (34)

to dry gas

_Edz—dg
Kaz-dg = Kog,_q, €XP <TTg




Overall rate constants for cracking diesel —Edqz—ck (35)
Kaz—ck = Koy, o €XP| —5——

to coke Ry Ty

Overall rate constants for cracking gasoline —Egl-1pg (36)
kgl—lpg = kogl—lpg eEXp\—(w T+

to LPG R,T,

Overall rate constants for cracking gasoline —Egl_dg (37)
kgl—dg = kogl—dg exXpl\—=———

to dry gas RyTg

Overall rate constants for cracking gasoline —Egi-ck (38)
kgl—ck = kogl—ck eXp\—F(% -+

to coke RyTg

Overall rate constants for cracking LPG to —Elpg_dg (39)
klpg—dg = kolpg—dg eEXp\—(w 1+

dry gas RyTg

Overall rate constants for cracking LPG to —Ejpg—ck (40)
klpg—ck = kOlpg—ck EXpl\l—F® 1+

coke Ry Ty

Overall rate constants for cracking dry to (41)

coke

_Edg—ck
Kag—ck = Kogy_o, €XP (TTg




QRreact IS the rate of heat generation or heat

removal by reaction

Qreact = _(AHgo—dz kgo—dz }’go2 + AHgo—gl kgo—gl Ygo2 + AHgo—ckkgo—ckYgO2

+ AHgo-1pg Kgo-1pg Ygo” + AHgo-dg Kgo-dg Ygo

+ AHg,—ck Kaz—ck Yaz + AHaz—g1 Kaz—g1 Yaz

+ AHg, 1pg Kaz-1pg Yaz + AHqz—dg Kaz-dg Yaz

+ AHgi_1pg Kal-1pg Va1 + AHgi_dg Kgl—dg g1 + AHgi_ck Kgl—ck Va1
+ AHpg-dg Kipg-dg Yipg + AHipg—ck Kipg—ck Yipg

+ AHdg—ck kdg—ck ng)(bc

(42)

Riser equations from energy balance equation

Temperature of catalyst along the riser | dT.  QhpA, (43)
. d_ - (Tg - c)

helght X FCCpC

Temperature of gas phase along the riser | dT (44)

height dX F C [h Ap(T g) + pcchreact]

Riser hydrodynamic equations

Gas volume fraction, g5, and catalyst | ¢ = Fe e 21— €c (45)
Vepcfd g

volume fraction, &,

Cross sectional area of the riser Q- niD? (46)
4

Catalyst deactivation @ = exp(—a.Cex) (47)

Catalyst deactivation coefficient (48)




Coke on catalyst Fgyex (49)

Cek = Ceker + %
C

Density of the gas phase B (50)
Pg = €gVgll

Riser pressure ZRyT, (51)

wg
lyst-to-oil rati F 2
Catalyst-to-oil ratio (C/O) C/0 ratio = - (52)
Fg
Pseudo-reduced temperature in the riser T = Ty (53)
pr Tpc
Pseudo-reduced pressure in the riser P — E (54)
pr Ppc
Catalyst and gas velocity distribution | dv, Qde,  C(vg—ve)Q 2fv. g (55)
_ — =—(Gez—— + + =

across the riser dx F. dx F. D Ve

Catalyst and gas velocity distribution % _ (2 dPes Ce(ve — vg) N 2fgVg N E) (56)

across the riser dx Fg dx Fg D Vg

Stress modulus of the catalyst (Tsuo and | G, = 10(-876&5+543) (57)

Gidaspow, 1990)

Catalyst temperature at the vaporization F F4sCpa (58)

. Ters = Tecr1 — F gc Cpig (TgFS - Tlg) + —SF pe (Tgps - Tds) + AHy4

section cCL1Ypc Ig

Gas phase temperature at the vaporization Byg (59)
Tgps = Cig

section

Alg - log(PFSygoFS) -
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218

Pressure at the vaporization Prs = Ppr + APgg (60)
Weight fraction of feed (gas oil) at the Fig (61)
A A A ngFS = F + F
vaporization section Ig ds
Velocity of gas phase at the vaporization Fig + Fgs (62)
. Vgrs = _

section ngS(1 Eccr1)Qrs

Velocity of entrained catalyst at the - Fecra (63)
cFS — — . A

vaporization section Pe Eccr1flrs

Gas oil density at the vaporization section Do = PrsMugrs (64)
9rs RngFSZgFS

Catalyst phase velocity vc(gg, = Vops (65)

i 0

Gas phase velocity vg(R)S = Vyps (66)

Catalyst mass flowrate Fers = Fecra (67)

Gas phase mass flowrate Fgrs = Fig + Fgs (68)

H f rization of il -M

eat of vaporization of gas oi AHy, = 0.3843Tya5p + 1.0878 » 10° exp( 10v(11)m) _ 98153 (69)
Z factor of Heidaryan et al., (2010) (70)

7= In

[A1+ AsIn(P, )+ % + Ay(InP,,)"+ A9+A“1 (Ppr)]
pr

[ 1+ Ay In(P,, )+ ?—: + Ag(InP,,) "+ ?8
T pr

e
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3. Parameter Estimation Techniques

Parameter estimation is usually carried out for a particular model with the aim of optimising
some parameters and in some cases estimating such parameters using experimental data. The
optimal estimated parameters are obtained as the best match between the experimental data
and the values calculated by the model (Dobre and Marcano, 2007). The use of suitable and
accurate models in advance process analysis and optimization is very important. The
accuracy of the model for a particular process depend on having the right parameters in use.
However, accurate online information of some unknown parameters is difficult to obtain even
with accurate models but can be estimated using parameter estimation. It was identified that
parameter estimation is not an easy task in the development of process models, weather
dynamic or steady state, and that fitting a model to a set of measurement is the challenge
(Soroush, 1998).

There are many types of parameter estimation techniques and they are mainly based on the
systems used. The parameter estimation by state estimation technique found common use in
chemical and biochemical engineering in systems of dynamic models where each model
represents an unknown parameter to be estimated (Tatiraju and Soroush, 1997, Soroush,
1997, Soroush, 1998). Another parameter estimation technique is achieved through on-line
optimization. This is a case where the estimates are derived from minimization of the sum of
squared errors of the optimization problem through comparing the experimental and
calculated results within some given range of constraints (Muske and Rawlings, 1995,
Robertson et al., 1996). This method has gained acceptance in the parameter estimation of
chemical processes (Jarullah et al., 2011) and it is the method used in this work. Another
method is the parameter estimation by model inversion (Tatiraju and Soroush, 1998) which
comprises a parameter estimate of left inverse of process model concurrently estimating least-
squared errors via on-line measurements (Tatiraju and Soroush, 1998). The method of
calorimetric technique for estimating kinetic parameters of process systems is achieved with

the use of mass and energy balance models of the systems (Régnier et al., 1996).

Parameter estimation for kinetic and compositional values of processes is based on
optimization techniques that are either Linear (LN) or non- linear (NLN) regressions. These
estimations are readily carried out using computer programs and software (Nowee et al.,
2007), which makes complex NLN models much easier to solve. There are many NLN
optimization methods such as maximum likelihood estimation (Tjoa and Biegler, 1992)

where it seeks a weighted least squares fit to the measurements with an underdetermined
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process model. Other methods includes the Bayesian parameter estimation, which uses the
Bayesian regularization back propagation (Ma and Weng, 2009). There is Newton-Raphson
method (Souza et al., 2009) which is a robust technique for solving nonlinear problems.
There is also the Genetic algorithm and its various types known to be common in academia
and the industry due its insightfulness, easy applicability and effectiveness in solving highly
nonlinear, mixed integer optimization problems that are typical of complex engineering
systems such as the FCC unit (Hassan et al., 2005, Kordabadi and Jahanmiri, 2005, Wang et
al., 2005). The Successive Quadratic Programming (SQP) (Tjoa and Biegler, 1992) are
readily implementable with the help of computer programming packages and software. It is
very much utilized by the gPROMS software (JPROMS, 2013) and it is proved to be very
capable (Jarullah et al., 2011).

3.1. Parameter estimation of kinetic parameters using gPROMS

Parameter Estimation can be achieved for complex models using the parameter estimation
platform of gPROMS software. However, it requires detailed gPROMS process model that
captures the system’s physical and chemical interactions like the riser model used in this
study. The process model representing the system should have parameters that can be tuned
to make the model predictions adequately aligned with real data. Such model parameters,
particularly in this work, are heat of reactions, frequency factors and activation energies. The
more accurate these parameters are, the closer the model’s response to reality (JPROMS,
2013). The method used in making these parameters to fit with laboratory or plant/industrial
data is called parameter estimation.

gPROMS uses the Maximum Likelihood formulation technique for parameter estimation
which estimates parameters in the physical model of the process and the variance model of
the measuring instruments. The measuring instrument can be a sensor that is either constant
variance for temperature measurement (thermocouple) with an accuracy of +/- 1K, or
constant relative variance for measuring of concentration (composition analyser) with an
error of +/- 2%, or both measuring instruments, in which case it is called the heteroscedastic

variance, combining both constant variance and constant relative variance (JPROMS, 2013).

The riser process model as shown in Table 1 is a set of differential —algebraic equations
(DAESs) with &, n and 6 as vector parameters to be estimated. In this case,
ko1, ko2, Koz Kosr Kos ], [E1, E2, E3, E4, Es] and [AH,,AH,, AH;,AH,, AH5] for the case of the

four-lump model which is used to test the technique employed in this work.
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For the case of the six-lump model proposed in this work

kdz—gl' kdz—lng kdz—dg' kgl—lpg» kgl—dg' kgl—ck» klpg—dg’ klpg—ck ’ kdg—ck Ydg kgo—dzr
kgo—gl» kgo—ck» kgo—lpg» kgo—dgf kdz—ck ’

[Edz—gl: E:dz—lpgr Edz—dgr Egl—lpg: E:gl—dg' E:gl—ck: Elpg—dg' E:lpg—ck ’ Kdg—ckf Kgo—dz:] and
Ego—gl' E:go—ck» E:go—lpg' E:go—dg' Edz—ck

[AHdz gerHdz Ipg’ AHdz dg'AHgl Ipg’ AHgl dg:AHgl ck'AHlpg dg'AHlpg ck» AHdg ck]
AHgo dz»AHgo gerHgo ck'AHgo lpg’AHgo dg AHdz ck

When solving a Maximum Likelihood Parameter Estimation problem as in this case,
gPROMS determines the uncertain physical and variance model parameters values (¢, n and
0) which maximise the probability that the mathematical model will predict the measurement
values obtained from the experiments. Assuming independent, normally distributed
measurement errors €;j,, with zero means and standard deviations, a;j;, the estimation is

achieved with the use of the following objective function:

_ cal)?
®(&,n,0) = % In(2m) + %min(an,e) {Zz 12Mﬁ’l Myij Iln( o2 + (P ik ) l}

l]k

(71)

Where M is total number of measurements taken experimentally and &,17 & 6 are set of
model parameters to be estimated. The acceptable values may be subject to given lower and

upper bounds: §' <& < &% pt<np<n* 9' <6 < o™

3.2. Mathematical formulation for kinetic parameters estimation

The estimation of kinetic parameters using model based technique along with experimental
(generated from model and plant) data is carried out in this work. The method involves the
use of optimization technique in gPROMS to the minimize sum of squared errors (SSE)

between experimental values y, " (generated by using a new technique from the model

having obtained input and output data from the plant) and calculated values yf%. This
technique has two approaches: first, simulation for converging all the equality constraints and
satisfying the inequality constraints and the second, performing the optimization where the

objective function is as summarily written:

Obj(SSE) = M (ye* — ygal)? (72)
Where y is the mass fraction of lumps and i refers to the various lumps in the riser.

The parameter estimation problem statement can be written as:
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Given The fixed riser reactor configuration, feed quality and characteristics,
catalyst properties and process operational conditions

Optimize The kinetics parameters; activation energies E;, heat of reactions AH;
and frequency factors k,; at given process conditions

So as to minimize  The sum of square errors (SSE)
Subject to Equality and inequality constraints

Mathematically;

ming, . 9, SSE

S. t.

flx,z'(x),z(x),u(x),v) =0 (model equations, equality constraints)
fl<g<iv (inequality constraints)

nt<n<n (inequality constraints)

0! <0<ov (inequality constraints)

Where f(x,z'(x),z(x),u(x),v) =0 is model equation, x is height of the riser and the
independent variable, u(x) is the decision variable; ¢ the frequency factors k,; with &* as
the upper and &' as lower limits; n the activation energies Ej, with n* as upper and n' as
lower limits; 6 as the heat of reaction AH;, with 8 as upper and 6 as lower limits. z(x) is

the differential and algebraic equations while z'(x) their derivative. v is the constants

parameters.

Using industrial data, and FCC unit kinetic and hydrodynamic models, the unknown
parameters of the proposed six-lump model in Figure 2 are estimated. The parameters to be
estimated are the activation energies, frequency factors and heats of reaction. Here, 45
unknown parameters of the proposed kinetic scheme (15 heats of reaction, AH;; 15 frequency
factors, k,j; and 15 activation energies, E;) will be estimated. The frequency factors and
activation energies of six lumped models available in the literature are presented in Table 2.
The authors did not present the heats of reaction for the various cracking reactions of the six
lumps and do not have all the parameters for the cracking reactions LPG to dry gas and coke,
and dry gas to coke because the authors assumed the reactions are negligible. In this study,
the exiting kinetic data in Table 2 will be used to set guess values, including lower and upper
bounds for each parameter on the gPROMS parameter estimation platform to estimate the 45

unknown parameters for the new kinetic scheme proposed in this study.
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3.2.1 Testing of parameter estimation technique
Figure 4 shows a schematic diagram of the parameter estimation technique used in this work.
It describes how input and output data from the plant were used in model simulation to
generate online data across the discretised height of the riser which were used to represent

experimental data in the gPROMS software for parameter estimation.

The feed condition is assumed 100% gas oil and the riser inlet temperatures of the feed
(522.9 K) and the catalyst (904.7 K) from the regenerator. Gas oil input flow rate is 62.5 kg/s
and that of the catalyst is 400.32 kg/s, which is a catalyst to oil ratio of 6.41. Parameter
estimation in gPROMS require industrial data of the yields of all lumps of the riser which are
used as experiments to estimate the unknown parameters. The available industrial data are the
yields of the lumps at the exit of the riser, which are used as experimental data on the
parameter estimation platform of gPROMS. The kinetic data in Table 2 are used with the
riser model along with the only available industrial riser outputs, which are gas oil; 0.0478,
diesel; 0.1857, gasoline; 0.4731, LPG; 0.1518, dry gas; 0.0483 and coke; 0.0891. The FCC
process model is then simulated in gPROMS software to generate yields at discreet points of
the riser height which gives more data that are then used on the parameter estimation
platform of gPROMS. The newly estimated kinetic parameters are taken back into the riser
model to obtain yields that are compared with the ones obtained from the industrial plant as

described in Figure 4.
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Table 2. Kinetic parameters of six-lumped model in the literature

Reaction

(Du et al., 2014)

(Xiong et al., 2015)

(Zhang et al., 2017)

Frequency Activation Energy Frequency Factor Activation Frequency Factor | Activation
Factor (kJ/kmol) (E;) (Ko)* (M kg™ hr') | Energy (E;) (Ko)*(s™ Energy
(Koi)*(s™) (kd/mol) (kJ/kmol) (E;)
Gas Oil — Diesel 601.7 59.33 31328.5 47.6 6.012 x 10* 65.14
Gas Oil — Gasoline | 2.19x10° 95.00 52064.7 43.4 2.190 x 10° 90.93
Gas Oil — Coke 28.91 177.2 574.4 30.0 0.485 x 10° 45.10
Gas Oil —» LPG 16.96 38.05 6560.4 385 9.053 x 10° 70.53
Gas Oil — Dry Gas 1869 176.44 175.6 30.2 1.870 x 10° 69.34
Diesel — Coke 2.7x10° 174.4 46291.9 65.0 6.760 x 10° 61.40
Diesel — Gasoline 240.46 57.5 14683.7 54.1 2.400 x 10° 49.20
Diesel — LPG 46.08 141.95 40140.4 62.9 4.680 x 10° 68.65
Diesel — Dry Gas 1560 81.78 18604.8 66.7 1.560 x 10 63.23
Gasoline — LPG 40.39 74.22 494068.4 80.5 4.039 x 10" 50.90
Gasoline — Dry Gas | 1.6 135.34 245194.8 85.2 9.420 x 10° 36.81
Gasoline — Coke 1.22 44.26 241931.9 77.3 0.515 x 10° 37.23
LPG — Dry Gas 78.98 89.27 * * 1.081 x 10° 65.80
LPG — Coke*
Dry Gas — Coke*

*reactions not available in the authors kinetic schemes
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Since estimated parameters of a process can only be trusted if it is obtained from accurate
models of that process, the riser mathematical model used for this parameter estimation was
validated to ensure that it is not just accurate enough to simulate the riser, but it is able to
estimate those kinetic parameters. Hence, to generate experimental data through simulation
with the riser model, a known four-lump kinetic model of the riser (Han and Chung, 2001a,
Han and Chung, 2001b) is used. From Figure 4, the procedure requires that the output data
from the riser model simulation be compared with the actual plant riser outlet conditions. If
the difference between the outputs from the simulation and plant data are less than or equal to
5%, a reasonable limit of error, the values of the lumps and temperatures of the catalyst and
gas phases at discrete heights of the riser are taken and used as experimental data on the
parameter estimation platform of the gPROMS software. If the outputs from the simulation
are more than 5%, the C/O ratio is adjusted to obtain riser output in the simulation almost the
same as those of the plant. Once this happen, the values of the estimated parameters are
deemed ‘estimated’ and are used in the riser model, which is expected to eventually predict
the riser output to be the same as that of the plant. 5% level of error is accepted because the
data generated will be subjected to some optimization during the parameter estimation

process, where the level of error is further reduced as the estimated parameters are obtained.

3.2.2 Testing of parameter estimation technique using four-lumped model
A four-lumped kinetic model is chosen for testing the parameter estimation strategy because
it is most widely used for FCC unit simulation. It also represents the major product
classification of the FCC reactant and products, and have all the values of its kinetic
parameters validated over the years. Additionally, using kinetic models with more than four
lumps means more kinetic parameters to estimate. The less the lumps the fewer the kinetic
parameters needed. The four lumped Kinetic data in Table 3 are from the literature and have
been used by many authors to simulate the FCC riser. In this section, these kinetic data of the
four lumped kinetic model are used as guess values with upper and lower bounds, along with

the riser mathematical model on the parameter estimation platform of gPROMS.

The mass and energy balance, and kinetic model equations used for the four-lump model are
presented in Equations (1-14) together with the riser hydrodynamic Equations (44-70) in
Table 1. The operational parameters and riser configuration used can be found in the same
literature from where the riser model was adopted (Han and Chung, 2001a, Han and Chung,

2001b). The riser conditions (temperatures and compositions) at discrete points along the
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riser height obtained from the procedure in Figure 4 were used as experimental data in the

parameter estimation platform of the gPROMS software. The values are presented in Table 4.

Table 3. Kinetic parameters of four-lump model (Han and Chung, 2001b)

Reaction Frequency Factor ~ Activation Energy Heat of Reaction
(k;) (s (kJ/kmol) (E;) (kJ/kmol) AH;

Gas Oil — Gasoline  1457.50 57,359 195

Gas Oil — Gas 127.59 52,754 670

Gas Oil — Coke 1.98 31,820 745

Gasoline — Gas 256.81 65,733 530

Gasoline — Coke 0.000629 66,570 690

Table 4. Riser simulation results of the four-lump kinetic model

Riser Gas ol Gasoline | Gases Coke Temperature | Temperature of

Height (wt. %) | (wt. %) (wt. %) | (wt. %) |of gas phase | catalyst phase

(m) (Tg) (K) (Te) (K)

0.0 1.0000 0.0000 0.0000 | 0.0000 679.0 911.6

5.0 0.5945 0.2918 0.0572 | 0.0295 808.5 833.7

10.0 0.4598 0.3937 0.0846 | 0.0313 807.6 817.6

15.0 0.3806 0.4403 0.1034 | 0.0352 802.2 809.1

20.0 0.3333 0.4741 0.1158 | 0.0348 796.8 801.3

25.0 0.2989 0.4929 0.1240 | 0.0409 794.6 797.8

*30.0 0.2750 0.5075 0.1365 | 0.0426 791.1 793.7

**30.0 0.2835 0.5137 0.1332 | 0.0354 791.5 791.9

% diff. 3.00 1.21 2.48 20.34 0.05 0.23

*this row is riser exit condition obtained from the procedure in Figure 4, then used as
experimental data

**this row riser exit condition obtained from literature (Han and Chung, 2001a, Han and
Chung, 2001b)

From Table 4, the percentage errors are within some level of acceptability, 5% and below as
described in Figure 4. Percentage difference for the coke lump was much because the value
of coke was assumed zero in the feed, which is not always the case. The values of the lumps
from the simulation are used as true representation of the online-discretised data along the
riser height. They are used as experimental data input in the parameter estimation platform of
the gPROMS software and used for the estimation of the four-lump kinetic parameters. The

four-lump kinetic parameters estimated are compared in Tables 6, 7 and 8 with the existing
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four lumped kinetic data from the literature (Han and Chung, 2001a, Han and Chung, 2001b).
As can be seen, the ability of the technique in predicting the exiting kinetic parameters is
good. Hence, the parameter estimation technique is used to estimate the kinetic parameters of
the new six-lumped kinetic model proposed in this work.

3.2.3 Parameter estimation technique using six-lumped model
The overall rate and Arrhenius equations written for the six-lumped model (Equations 21-42)
as shown in Table 1, were used with the riser hydrodynamic equations. The Kkinetic
parameters; frequency factors, activation energies and heat of reactions were estimated using
guessed values between minimum and maximum of the respective kinetic parameter values in
Table 2. In addition, the guess values of the kinetic data used for the cracking of LPG to dry
gas and coke, and dry gas to coke on the parameter estimation platform were assumed to be
between the minimum and maximum of the kinetic data presented in Table 2. Similarly,
simulated results were generated for the six-lump model using the kinetic and hydrodynamic
equations following the same parameter estimation technique described in Figure 4. These
simulated riser exit compositions are then used as experimental data on the parameter
estimation platform of the gPROMS software. The values shown in Table 5 were generated
using the real plant configurations and industrial riser input and output conditions (Table A3

of the Appendix) on the PROMS riser simulation.

This technique for parameter estimation provides a way to develop new kinetic schemes with
just plant data. Once a plant inlet and outlet values (yields and process conditions) are known,
along with a robust process model, which describes the process adequately, experimental
results can be generated from the process model and be used for parameter estimation. This is
a major novel contribution of this work. Another contribution is the development of a new
kinetic scheme. Comparing Figures 1 and 2, the cracking reactions of dry gas to coke, and
LPG to coke were added to Figure 1 to obtain a new six-lumped kinetic scheme shown in
Figure 2. Most authors assumed that those reactions added were usually negligible, because it
is usually difficult to measure them. With parameter estimation, it can be seen that they exit.
This technique proved to be useful because the parameters estimated were used in the process
model to predict the plants data with minimal percentage of errors as shown in Figures 5, 6, 7
and 8. This technique is applicable to both laboratory and plant size processes which is an

advantage.
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4. Results and Discussions
The estimated kinetic parameters and the industrial riser simulation results are presented in

this section with the view to demonstrate the accuracy of the technique used in the simulation
of the plant where real data was obtained. The simulation also demonstrates the capability of
the gPROMS software which is used here for solving the FCC riser complex nonlinear DAES
by validating the results against those of the plant. The estimated parameters for the four-

lump kinetics and six-lump kinetics are also presented.

The results of the parameter estimation for the four-lump model denoted with asterisks in
Tables 6-8, gives very close estimates as compared with similar values of kinetic data by Han
and Chung (2001b) with double asterisks, giving the assurance that the process model can be
used for the purpose of parameter estimation. The results are presented in Tables 6-8.

Table 5. Riser simulation results of the six-lump kinetic model

Riser Gas oil | Diesel | Gasoline | LPG Dry gas | Coke Temp. | Temp.
Height | (wt. %) | (wt. %) | (wt. %) | (wt. %) | (wt. %) | (wt. %) | (TQ) (Te)

(m) (K) (K)
**0.0 [ 1.0000 [0.0000 [0.0000 |[0.0000 |[0.0000 |0.0000 |523.0 |904.7
5.0 0.3479 [0.2185 [0.2312 [0.1073 [0.0339 [0.0612 |706.0 |[7755

10.0 0.1537 | 0.2652 |0.3245 |0.1385 |0.0434 |0.0748 | 7345 748.2

15.0 0.0971 |0.2613 |0.3686 |0.1476 |0.0462 |0.0792 |738.4 742.2

20.0 0.0724 |0.2487 |0.3982 |0.1516 |0.0475 |0.0817 | 738.3 740.2

25.0 0.0587 |0.2349 | 0.4210 |0.1538 |0.0482 |0.0834 | 737.7 739.1

30.0 0.0499 |0.2217 |0.4398 |0.1552 |0.0487 |0.0847 | 737.0 738.2

35.0 0.0438 | 0.2095 |0.4556 |0.1562 |0.0491 |0.0857 | 736.5 737.5

40.0 0.0393 |0.1983 |0.4694 |0.1570 |0.0494 |0.0866 | 736.0 736.9

45.0 0.0358 |0.1881 |0.4815 |0.1576 |0.0496 |0.0873 | 7355 736.4

47.0 0.0346 |0.1843 |0.4860 |0.1578 |0.0497 |0.0876 | 735.3 736.2

47.1 0.0346 |0.1841 |0.4862 |0.1578 |0.0497 |0.0709 | 735.3 736.2

**47.1 |0.0478 |0.1857 |0.4731 |0.1518 |0.0483 |0.0891 |773.2 NA

% error | 38.24 0.86 2.69 3.81 2.80 1.70 5.15

**values in this row are riser conditions from the industrial plant
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Table 6: Heat of Reaction for four-lump model

Reaction Heat of Reaction** Heat of Reaction* % Difference
(kJ/kmol) AH; (kJ/kmol) AH;

Gas Oil — Gasoline 195 189 3.17

Gas Oil — Gas 670 664 0.90

Gas Oil — Coke 745 739 0.81

Gasoline — Gas 530 524 1.14

Gasoline — Coke 690 684 0.87

*Heat of reaction obtained from the procedure in Figure 4.
** Heat of reaction from literature (Han and Chung, 2001a, Han and Chung, 2001b)

Table 7: Frequency factor for four-lump model

Reaction Frequency Factor** Frequency Factor* % Difference
(k) (57 (k) (57

Gas Oil — Gasoline 1457.50 1468.5 0.74

Gas Oil — Gas 127.59 134.269 4.97

Gas Oil — Coke 1.98 1.99911 0.95

Gasoline — Gas 256.81 253.315 1.38

Gasoline — Coke 0.000629 0.00052 20.96

* Frequency Factor obtained from the procedure in Figure 4.
** Frequency Factor from literature (Han and Chung, 2001a, Han and Chung, 2001b)

Table 8: Activation energy for four-lump model

Reaction Activation Energy**  Activation Energy* % Difference
(kd/kmol) (E;) (kd/kmol) (E;)

Gas Oil — Gasoline 57,359 57,348 0.01

Gas Oil — Gas 52,754 52,765 0.02

Gas Oil — Coke 31,820 31,809 0.03

Gasoline — Gas 65,733 65,723 0.01

Gasoline — Coke 66,570 66,581 0.01

* Activation Energy obtained from the procedure in Figure 4.
** Activation Energy from literature (Han and Chung, 2001a, Han and Chung, 2001b)

The differences are 3% and less, except for the percentage differences between the frequency
factors of the reaction of gas oil to gas, which is 4.97% and gasoline cracking into coke,
which has a difference of about 20% as shown in Table 7. Although this difference appeared
to be very large, it may not be very significant. The reason being that the frequency factor
itself is very small, and even though the activation energy and heat of reaction for the
reaction may be large, the frequency factor multiplies the exponential term in the Arrhenius
equation, which makes the yield of coke very small. It was also found that even when the
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heat of reaction was assumed 1000 kJ/kmol, the yield of coke is still small because of the

value of the frequency factor.

Using the new kinetic parameters estimated for the riser simulation with four-lumped model,
the riser exit conditions are presented in Table 9. Their percentage errors are all less than 3%,
an acceptable level of marginal error. This low percentage differences in Table 6, 7 and 8
shows that the technique used for the parameter estimation as described in Figure 4, is
capable of estimating process parameters with very high accuracy. Since the difference of
mostly about 3% and less is seen between the estimated parameters and the literature
parameters. This confirms the adequacy of the riser model, the parameter estimation
technique proposed in Figure 4 and the new Kinetic data for parameter estimation.

Table 9. Riser exit results of the four-lump kinetic model using the new estimated parameters

Riser Gas oil | Gasoline | Gases Coke Temp. (Tgy) | Temp. (T)
Height (m) | (wt. %) | (wt. %) (wt. %) (wt. %) (K) (K)

*30 0.2835 | 0.5137 0.1332 0.0354 7915 791.9

**30 0.2803 | 0.5134 0.1366 0.0354 791.7 792.1

% diff. 1.14 0.06 2.49 0.0000 0.03 0.03

*riser exit conditions for the Han and Chung (20014, b) kinetics

**riser exit conditions for the new estimated kinetic parameters

Table 10 shows the new six-lump estimated parameters. Being the first of such six-lumped
kinetic model that considered the cracking of LPG and dry gas to coke, as well as the
cracking of dry gas to coke. In Table 10, the frequency factors, activation energies and heats
of reaction of the cracking reactions of LPG to dry gas and coke, and dry gas to coke, for the
six lumped kinetic model are presented. These data were not available in the open literature,
which is a contribution of this work. Overall, a new six lumped kinetic data (Table 10) is
presented in this work. For the purpose of validation, the newly estimated kinetic data in
Table 10 is simulated with the riser process model, and exit values were compared with the

exit conditions of industrial riser.

The process model was run on the gPROMS simulation platform using the new six-lump
kinetic parameters with the new kinetic scheme in Figure 2. At C/O ratio of 6.405, the feed
(gas oil at 62.5 kg/s) meets the regenerated catalyst (400.32 kg/s) at the feed vaporization
section of the riser unit and cracks to produce lumps; diesel, gasoline, LPG, dry gas and coke.
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The cracking reaction starts at gas oil inlet temperature of 523.0 K and catalyst inlet
temperature of 904 K. The profiles of the products are shown in Figure 4.

The amount of the gas oil at the exit of the riser is 0.0346 (kg lump/kg feed) which is 3.46%
of gas oil left unreacted. It also means that, about 96.54% of gas oil reacted and above 80%
of the reacted fraction was consumed in the first 12 m of the riser. In some risers, most of the
conversion takes place in the first 10 m. This may not be the same for some short risers.
Some of the risers are 30 m high and others are less (Han and Chung, 2001b, John et al.,
2017b, John et al., 2017a). Here, the riser is 47.1 m high. The amount of diesel at the exit of
the riser is 0.1842 (kg lump/kg feed) which is 18.42% of total products formed. The product
gasoline formed is 0.4863 (kg lump/kg feed), that is 48.63% of total products formed. Other
products formed are LPG; 0.1577 (kg lump/kg feed) which is 15.77% of products formed,
dry gas; 0.0497 (kg lump/kg feed) which is 4.97% of total products formed, and coke; 0.0876
(kg lump/kg feed), 8.76% of total product formed in the riser. These outputs from the riser
are compared with the riser plant data in Table 11. The diesel and gasoline profiles increases
from O (kg lump/kg feed) at the inlet of the riser to its maximum yield of 0.4863 (kg lump/kg
feed) at the riser exit for gasoline and a maximum of 0.2660 (kg lump/kg feed) for diesel in
the first 11 m. However, the mass fraction of diesel increases initially and then decreases
gradually to 0.1858 (kg lump/kg feed) at the end of the riser. This fraction of diesel decreased
after 11 m due to a secondary reaction, which is common for intermediates in a series —
parallel reactions. The endothermic heat was sufficient to convert the diesel into gasoline and
other intermediates. The other products of the riser; LPG, dry gas and coke all started from
zero weight fraction as well and rose to their maximum at approximately 11 m height, but
essentially levels out at the exit of the riser. The profiles of the lumps in the riser qualitatively
compare favorably with the profiles of riser products in the literature (John et al., 2017a, John
etal., 2017b, Du et al., 2014, Han and Chung, 2001b).
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Table 10. Kinetic parameters of six-lump model estimated

Reaction Frequency Factor Activation Energy Heat of Reaction
(k;) (s (kJ/kmol) (E;) (kJ/kmol) AH;

Gas Oil — Diesel 7957.29 53,927.7 190.709

Gas Oil — Gasoline 14,433.4 57,186.6 128.45

Gas Oil — Coke 40.253 32,433.6 458.345

Gas Oil — LPG 2337.1 51,308.6 209.192

Gas Oil —» Dry Gas ~ 449.917 48,620.4 44,543

Diesel — Coke 75.282 61,159.4 305.925
Diesel — Gasoline 197.933 48,114.5 513.568
Diesel — LPG 3.506 67,792.9 90.894

Diesel — Dry Gas 3.395 64,266.6 204.381
Gasoline — LPG 2.189 56,194.4 225.082
Gasoline — Dry Gas 1.658 63,319.1 19.667
Gasoline — Coke 2.031 61,785.1 117.212

LPG — Dry Gas 3.411 55,513.0 17.618

LPG — Coke 0.601 52,548.2 11.839

Dry Gas — Coke 2.196 53,046.0 52.863
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Figure 5. Profile of gas oil cracking in the riser

Figure 5 shows the temperature profiles of the gas and catalyst phases as a function of riser
height. The temperature of the catalyst-phase starts from about 933 K in the feed vaporization
section and decreases for the first 11 m from 904.7 K at the entrance of the riser and then
essentially levels out to 736.2 K at the riser exit.

The temperature profile of the gas phase starts from 478.15 K, which is also the temperature
of the gas oil coming into the vaporization section. This temperature was quickly raised by
the incoming hot regenerated catalyst to about 522.9 K as can be seen at the riser inlet in
Figure 5. This gas phase temperature rises from 522.9 K to a peak 738.5 K in the first 17 m of
the riser and levels out in the remaining portion of the riser. The difference in both
temperature profiles represents the endothermic reaction in the riser with a temperature
difference of 382.2 °C at the riser inlet to 0.95 °C at the exit. This difference aid the
completion of the cracking reaction and represents the heat of removal shown in Figure 9,
which is accounted for in this work with the help of the estimated heat of reactions obtained
and shown in Table 10. The temperature profiles obtained in this work are qualitatively
similar to those obtained in many literatures (Han and Chung, 2001b, Du et al., 2014, John et
al., 2017b, John et al., 2017a).



559  To determine the accuracy and validate the capability of this gPROMS model, refinery
560  operational data are used to compare with the results of this simulation work. The results are
561  shown in Table 11.
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564  Figure 6. Temperature profiles across the riser.

565

566  Table 11: Riser simulation results compared with plant data
Parameter Input Riser output Plant data % difference
Gas oil Temperature (K) 478.15 735.3 773.2 5.15
Catalyst Temperature (K) 905 736.2
Gas oil Mass flowrate (kg/s) 62.5 62.5 62.5
Catalyst Mass flowrate (kg/s) 400.32 400.32 400.32
Mass fraction of Gas oil (wt. %) 1.0 0.0346 0.0478 38.15
Mass fraction of Diesel (wt. %) 0.0 0.1842 0.1857 0.81
Mass fraction of Gasoline (wt. %) 0.0 0.4863 0.4731 2.71
Mass fraction of LPG (wt. %) 0.0 0.1577 0.1518 3.74
Mass fraction of Dry gas (wt. %) 0.0 0.0497 0.0483 2.28

Mass fraction of Coke (wt. %) 0.0 0.0876 0.0891 1.71
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The temperature of the catalyst is 905 K at the inlet of the riser and gradually decreased to
736.2 K at the riser exit due to endothermic cracking reactions. The decrease in the catalyst
temperature increased the temperature of the gas phase from 478.2 K at the riser inlet to
735.3 K at the exit. For the gas phase temperature at the riser exit, there is a 5.15% difference
between the riser exit temperature in this simulation 735.30 K and that of the plant (773.20
K). The 5.15% difference can be acceptable considering that the yield of products is not only
dependent on reaction temperature but as well as the hydrodynamics of the riser, C/O ratio,
catalyst type, nature of feed and many other operational variables. This temperature
difference between plant data and the simulation result is evident in the increased conversion
found in this simulation, showing that more heat of the endothermic reaction was utilized.
The feed conversion in this work is higher than that obtained in the plant, with a 38.15%
increase on the fraction of feed converted. This increase is far above the 3% difference
required for the estimated parameter to be accepted. However, most of the values of the six-
lump are less than 3% and so the results are acceptable. The most valuable products are the
diesel and gasoline and the parameter estimated was able to predict the plant values with
about an average of over 98% accuracy. The percentage difference compared with the plant
data for the diesel is 0.81% and for gasoline, it is 2.71%. The percentage difference between
the value for the lighter products LPG and dry gas are 3.74% and 2.28% respectively, which
are also acceptable values within margin of difference. The major products are diesel and
gasoline and are within acceptable margin of error. Although the difference between the
predicted values and plant data for gas oil value at the exit of the riser is large, it can be
corrected by optimizing the C/O ratio and other operational variables of the unit. The
percentage differences in Table 11 shows that the estimated kinetic parameters are accurate
and can be used for the simulation of the riser of FCC unit.

Figure 7 shows the velocity profiles of the gas and catalyst phase along the riser height. The
velocity profile of catalyst rose from 18.8 m/s at entrance of the riser to 44.94 m/s at the exit.
The velocity profile of the gas phase rose sharply from 8.79 m/s to 21.25 m/s in the first 1 m
of the riser, and eventually rose to 44.81 m/s at the exit of the riser. This gives a slip velocity
of 10.01 m/s at the entrance to 0.13 m/s at the exit, making an average slip velocity of 0.29
m/s across the riser. The slip velocity is very close to 0.25 m/s presented in the literature (Han
and Chung, 2001b).
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Figure 7. Velocity profiles across the riser

Figure 8 shows that the profile of pressure in the riser decreases from 340.5 kPa at the
entrance to 296.1 kPa at the exit. The pressure drop is thus 44.9 kPa and could be as high as
163 kPa industrial risers (Chang et al., 2012).
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Figure 8. Pressure profile along the riser
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Although the model simulation predicts the pressure drop, it is only limited to the riser and
the effect of the regenerator pressure was not considered which could be a reason for the
variation of pressure drop in this study compared with other predicted pressure drops (Chang
et al., 2012, Han and Chung, 2001b). Another reason could be that, since the pressure of the
riser in the plant is measured at the end of the disengaging section, which is not captured in
this simulation, more pressure drop is expected to be recorded in the plant. In addition,
product streams are many times used for quenching of the cracking reactions at the riser end,
which affects the pressure in the disengaging section. Though, the pressure drop is
quantitatively different from the pressure drop of the plant (30 kPa), the profile is
qualitatively similar to the ones in the literature (Han and Chung, 2001b).

The heat released with the catalyst from the regenerator reimburses the heat requirements for
the endothermic cracking reactions in the riser which causes the unit to operate, overall,
under conditions of thermal balance. The same heat coming with the regenerated catalyst is
useful for heating and evaporating the feed; gas oil, as it moves pneumatically upward into
the riser. This process brings about heat removal due to the endothermic heats of the cracking
reactions (Arbel et al., 1995) which strongly affects the overall heat balance in the FCC unit.
This heat removal is measured as a function of the enthalpies of the various cracking lumps.
It is possible to measure the heat removal as shown in Figure 9 from the estimated heats of
reactions in Table 10.

At the entrance of the riser, much heat is removed because of the fast cracking reaction and
vaporization. Also, most of the products are formed in the first few meters of the riser. After

about 10 m of the riser, heat removal is almost constant for the remaining parts of the riser.

The simulation in this work was carried out at C/O ratio of 6.405 which means the gas oil
mass flowrate at 62.5 kg/s and the regenerated catalyst mass flowrate at 400.32 kg/s. The C/O
ratio was changed from 6.405 to 5.405 and compared with the plant data, though, the plant
data was obtained at C/O ratio of 6.405. In the absence of the plant data at the varied C/O
ratio of 5.405, its outputs are compared with the plant data at 6.405. The results are shown in
Table 12.

In varying the C/O ratios, only the mass flowrate of the gas oil was varied while the mass
flowrate of catalyst was kept constant. This is because mass flowrate of gas oil can be
directly manipulated unlike the mass flow rate of catalyst which depends on many other

variables including fresh catalyst addition.
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Figure 9. Profile of heat removal along the riser

At 74.06 kg/s, a C/O ratio of 5.406, it is a 15.61% increase on mass flowrate of gas oil. This
lower C/O ratio compared to 6.405 of the plant brought about 11.15% increase in the
converted fraction of gas oil from 0.0478 to 0.0538 kg-lump/kg-feed. This increased
conversion leads to 17.80% increase in diesel yield from 0.1857 to 0.2259 kg-lump/kg-feed.
However, there is a significant decrease in the yield of gasoline from 0.4731 to 0.4305 kg-
lump/kg-feed (9.90% decrease). This is because the riser exit temperature for this simulation
being 712.7 K, 8.49% lower than the riser exit temperature of the plant (773.2 K), and favors
the cracking of heavier products like diesel compared with gasoline. This difference also
caused considerable percentage decrease in the lighter products and coke.

At 62.5 kg/s, the same mass flowrate of gas oil of the plant, the C/O ratio is 6.406. The
converted fraction of gas oil is 0.0478 kg-lump/kg-feed for the plant and 0.0346 kg-lump/kg-
feed for this simulation. This is equivalent to 38.15% increase on the conversion of gas oil.
This increase has caused a 0.81% increase of 0.1857 kg-lump/kg-feed of diesel for plant to
0.1842 kg-lump/kg-feed for this simulation at C/O ratio of 6.406. Likewise, the increase
caused a 2.71% increase of 0.4731 kg-lump/kg-feed of gasoline for the plant, to 0.4863 kg-
lump/kg-feed for this simulation at C/O ratio of 6.406. This shows that at C/O ratio of 6.406,
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the percentage conversion of the gas oil is 38.15%, which is higher than 11.15% at C/O ratio
of 5.406.

The two simulation outputs shown in Table 12 are obtained at C/O ratios of 5.405 and 6.405.
Comparing their percentage differences with the plant data, there is a decrease of 8.49 % in
gas oil temperature at C/O = 5.405, while, there is a decrease of 5.15 % in gas oil temperature
at C/O = 6.405. This shows that increase in C/O ratio could increase the gas phase
temperature, which eventually favours conversion as seen; a 38.15 % increase in conversion
at C/O = 6.405 as against 11.15 % increase at C/O = 5.405. However, increase in C/O ratio
from 5.406 to 6.406 gives a lower diesel yield (17.8 % at C/O = 5.404 and 0.81 % at C/O =
6.404) and higher gasoline yield (a decrease of 9.90 % at C/O = 5.404 and 2.71 % at C/O =
6.404). This means that higher C/O ratios may favor increased gas oil conversion but results

in decrease yield of diesel.

Table 12: Compare riser output results for different C/O ratio

Riser Parameter Plant Simulation | % Diff. | Simulation | % Diff.
Output @ | @ C/O | Output @ | @ C/O
C/O =|=5.405 | C/O = | =6.405
5.405 6.405

Catalyst-to-oil ratio (C/O) 6.405 5.405 6.405

Catalyst Mass flowrate (kg/s) 400.32 | 400.32 0.0 400.32 0.0

Gas oil Mass flowrate (kg/s) 62.50 74.06 15.61 62.50 0

Gas oil Temperature (K) 773.2 712.7 -8.49 735.3 -5.15

Catalyst Temperature (K) N/A 713.6 N/A 736.2 N/A

Mass fraction of Gas oil (wt. %) 0.0478 | 0.0538 11.15 0.0346 38.15

Mass fraction of Diesel (wt. %) 0.1857 | 0.2259 17.80 0.1842 0.81

Mass fraction of Gasoline (wt. %) | 0.4731 | 0.4305 -9.90 0.4863 2.71
Mass fraction of LPG (wt. %) 0.1518 | 0.1550 2.06 0.1577 3.74
Mass fraction of Dry gas (wt. %) | 0.0483 | 0.0488 1.02 0.0497 2.28
Mass fraction of Coke (wt. %) 0.0891 | 0.0861 -3.48 0.0876 1.71
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Therefore, the plant needs to be operated at lower C/O ratio for increased diesel yield, while
increased C/O ratio favors the yield of gasoline. In addition, if the production objective is to
produce gasoline, then higher C/O ratio is appropriate. Increased C/O ratio also increase the
temperature of the riser which favors secondary reactions. This is one of the reasons for
gasoline yield to increase with increase in C/O ratio. This variation of the C/O ratio, a major
influence on the FCC unit, follows a typical FCC riser behaviour (Ledn-Becerril et al., 2004,
John et al., 2017b).

5. Conclusions
In this work, a steady state detailed industrial FCC riser process model is simulated to carry
out parameter estimation of a new six-lump kinetic model of gas oil cracking. The new six-
lump model was implemented on gPROMS software to crack gas oil into diesel, gasoline,

LPG, dry gas and coke. The following conclusions can be made:

e A new kinetics scheme has been developed which includes the cracking of LPG to
coke and dry gas, as well as the cracking of dry gas into coke.

e New activation energies, frequency factors and heat of reactions for a new six-lump
kinetic model were estimated.

e The estimated parameters predicts the major industrial riser fractions; diesel is 0.1842
kg-lump/kg-feed with a 0.81% error while gasoline is 0.4863 kg-lump/kg-feed with a
2.71% error compared with the plant data.

e With the help of the new kinetic parameters, the heat of cracking reaction was
estimated for the six lumped model for the first time.

e The estimated parameters can be used to simulate any type of FCC riser with a six-
lump model since C/O ratios were varied and the results showed agreement with the

typical riser profiles.

Notation

A Surface area, m?

Aptc Effective interface heat transfer area per unit volume, m*/m?®
C Mole concentration, kg mole/m®

C Gas heat capacity, ki/kg K

Dg



Ppr
Qreact
R

Rg

RAN
Se

Solid heat capacity, kJ/kg K

Diameter, m

Catalyst average diameter, m

Activation energy, kJ/kg mole

Mass flow rate, kg/s

Specific enthalpy, kJ/kg

Heat of reaction kJ/kg

heat of vaporization of liquid feedstock in the feed
vaporization section, kJ/kg

Enthalpy of reaction kJ/kg

Interface heat transfer coefficient between the catalyst and
gas phases

Interface heat transfer coefficient, ki/m? s K

Frequency factor in the Arrhenius expression, 1/s

Rate coefficient of the four-lump cracking reaction, 1/s
Thermal conductivity of hydrocarbons

Length, m

Molecular weight

Pressure , kPa

Reduced pressure

Rate of heat generation or heat removal by reaction, kJ/s
Overall rate of reaction

Ideal gas constant, 8.3143 kPa m*/-kg mole K or ki/kg mole
K

Aromatics-to-Naphthenes ratio in liquid feedstock

Average sphericity of catalyst particles

Total mass interchange rate between the emulsion and
bubble phases, 1/s

Temperature, K

Reduced temperature

superficial velocity, m/s

Volume, m®



Yijk

Yijk

Subcript
cc

CL1

ck

dg

Ds

dz

FS

g

Weight fraction

Gas compressibility factor or Z factor

Cross-sectional area (units)

Density, kg/m®

Catalyst deactivation function

Voidage

Catalyst deactivation coefficient

exponent for representing o

viscosity (units)

Maximum likelihood objective function

Number of experiments performed

Number of variables measured in the i th experiment
Number of measurements of the jth variable in the ith
experiment

Variance of the kth measurement of variable j in experiment
i.

This is determined by the measured variable's variance
model kth measured value of variable j in experiment i

kth (model-)predicted value of variable j in experiment i

Coke on catalyst
Cyclone 1

Coke

Dry gas

Disperse steam

Diesel

Feed vaporization section

Acceleration m/s?
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705

gl
go
gs

MABP
MeABP
pc

pr

Rs

RT

gasoline

Gas oil

gas

Reaction path

Molal average boiling temperature, K
Mean average boiling temperature, K
pseudo-critical

pseudo-reduced

Riser

Disengager-stripping section
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Appendix A

Table A.1 and Equations A.1 — A.24 are correlations of physical and transport parameters
adopted from the literature (Han and Chung, 2001a, Han and Chung, 2001b).

Table A.1: Distillation Coefficients

Volume % distilled a b

10 0.5277 1.0900
30 0.7429 1.0425
50 0.8920 1.0176
70 0.8705 1.0226
90 0.9490 1.0110

Heat capacity of gas,C,g, is
Cpg = B1+ BZTg'l' B3Tg2 (A1)

Where B, B,, B3 and B, catalyst decay constant given as

(A2)

By = —1.492343 + 0.124432K; + B, (1.23519 - “’4025>

g

B, = (=7.53624 x 107%) [2.9247 — (1.5524 — 0.05543K)K + B, (6.0283 - @)}

g

(A.3)
B = (1.356523 x 1076)(1.6946 + 0.0884B,) (A.4)
Ba=[(2-1)(1-33) (S — 0.885) (S, — 0.7)(104)]2 For 10 < Kf < 12.8 (A5)
Else 3, = 0 for all other cases
Kf is the Watson characterization factor written as
Kf = (5 Tmene)s (A.6)

Sg



724 The molecular weight M,,, of the gas can be calculated using

My = 42.965[exp(2.097 X 10 *Tyeapp — 7.787Sg + 2.085
X 10_3TMeABPSg)] (TyioaBP Sg4'98308)

725 (A7)

726 TMeABP = TVABP - 05556exp[—09440 - 00087(18TVABP - 491.67)0'6667 +
727 2.9972(S1)0-3333 (A.8)

728  Where Tyagp , the volume average boiling temperature and Sl is slope given as
729 Sl = 0'0125(T90ASTM - TlOASTM) (Ag)

730 Tyapp = 0.2(Tioastm+ Tz0ast™m+ TsoasTm+ T70asTM+ TooasT™) (A.10)

731  The ASTM D86 distillation temperatures are calculated using

__1 1

7132 Tyoastm = alé’?(TloTBp)m (A.11)
733 Tszoastm = a;f)’% (TSOTBP)ﬁ (A.12)
734 Tsoastm = 3;3% (TsoTBP)ﬁ (A.13)
735  Troastm = 3;3%0 (T70TBP)ﬁ (A.14)
736 Tooastm = ag_(?% (T9OTBP)$ (A.15)

737  Where a; and b; are distillation coefficients (Table A.1) and Tipgp Is the initial TBP
738  distillation temperature.
739 Interface heat transfer coefficient between the catalyst and gas phases,hy,
1
740 h,=0.037% [Mr (A.16)

3 He

741  Thermal conductivity of hydrocarbons

742 Ky =1x107°(1.9469 — 0.374M,, + 1.4815 x 1073M,,, + 0.1028T,) (A.17)

743
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My IS the mean molecular weight of the combined catalyst and gas

1

Mwm = ( ygo , ydz _ ylpg _ ydg yck> (A.18)
Mwgo ngl Mwadz wlpg I deg I Mk
Mygo = Myg (A.19)
Mde = 00146MWH2 + 04‘161ch1 + 05693MWC2 (AZO)
Mlpg = 03441MWC3 + O6559ch4 (A21)
The viscosity of the gas
2
MWMPEC
Hg = 3.515 X 1078, ~—— (A.22)
T6
pc
Wpr = 0.435 exp[(1.3316 — T%%21 )Py, | Tpr + 0.0155 (A.23)

Tpe = 17.1419[exp(—9.3145 X 10™*Tyeapp — 0.5444S; + 6.4791 X 10™*TyeappSg) |
% Tﬁgﬁ§44sg'0846 (A.24)
Pyc = 4.6352 X 10°[exp(—8.505 X 10 3Tyjeapp — 4.8014S; + 5.749 X 10> TyeappSg) |
X Ty 04 484454.0846 (A.25)

Table A.2: Tuned coefficients for 0.2 <P,

»r < 3 (Heidaryan et al., 2010)

Coefficient | Tuned
Coefficient
Al 2.827793
A2 -0.4688191
A3 —1.262288
Ad —1.536524
A5 —4.535045
A6 0.06895104
A7 0.1903869
A8 0.6200089
A9 1.838479
A10 0.4052367
All 1.073574

Table A.3 summarizes the variables, feed and catalyst characteristic and other parameters
used in this simulation. Most of the parameters were obtained from the FCC unit in Sudan
and the literature (Han and Chung, 2001b, Ahari et al., 2008, John et al., 2017b).



760

Table A.3: Specifications of constant parameters and differential variables at x = 0.

Variable Value
Riser Height, x (m) 47.1
Ty (0) (Temperature of gas oil, K) 478.15
T.(0) (Temperature of gas catalyst, K) 905

D Riser Diameter (m) 1.36
F. (Catalyst mass flowrate, kg/s) 400.32
Fy (Gas oil mass flowrate, kg/s) 62.5
Yg0(0) Mass fraction of gas oil (kg lump/kg feed) 1.0
y¢1(0) Mass fraction of gasoline (kg lump/kg feed) 0.0
v4z(0) Mass fraction of diesel (kg lump/kg feed) 0.0
yag(0) Mass fraction of dry gas (kg lump/kg feed) 0.0
yipg(0) Mass fraction of LPG (kg lump/kg feed) 0.0
vk (0) Mass fraction of coke (kg lump/kg feed) 0.0
Mugo Molecular weight gas oil (kg/k mol) 371
Mg Molecular weight gasoline (kg/k mol) 106.7
Muwd; Molecular weight diesel (kg/k mol) 178.6
Muck Molecular weight coke (kg/k mol) 14.4
d. (Average particle diameter, m) 0.000065
Sc (Average sphericity of catalyst particles) 0.72
Sy (Specific gravity) 0.9019
Ccxcr1 (Coke on catalyst, kg coke/kg catalyst) 0.001
aco (pre-exponential factor of a) 1.1e-5
ac~ (Catalyst deactivation coefficient) 0.1177
Cypc (Heat capacity of catalyst, kd/kg K) 1.15
pc (Density of catalyst, kg/m®) 720

R an(Aromatics/Naphthenes in liquid feedstock) 2.1
T,orgp TBP distilled 10 volume%, °C 368
Tsorgp, TBP distilled 30 volume %, °C 453
Tsorgp, TBP distilled 50 volume %, °C 472
T,orgp TBP distilled 70 volume %, °C 528
Toorgp TBP distilled 90 volume %, °C 644
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E. Catalyst Activation Energy (kJ/kg mol) 49,000

M u,Molecular weights of hydrogen (kg/k mol) 2
My, Molecular weights of methane (kg/k mol) 16
My, Molecular weights of ethane (kg/k mol) 30

My, c,Molecular weights of propane (kg/k mol) 44
My, Molecular weights of butane (kg/k mol) 58

g, acceleration due to gravity (m/s) 9.8

R, ideal gas constant (kPa m3/kg mole K) 8.3143
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