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ABSTRACT 

 To study fouling in steam cracker convection section 

tubes, accurate tube wall temperature profiles are needed. In 

this work, tube wall temperature profiles are calculated using 

a hybrid model, combining a 1D process gas side model and 

a CFD flue gas side model. The CFD flue gas side model 

assures the flue gas side accuracy, accounting for local 

temperatures, while the 1D process gas side model limits the 

computational cost. Flow separation in the flue gas side at the 

upper circumference of each tube suggests the need for a 

compartmentalized 1D approach. A considerable effect is 

observed. The hybrid CFD-1D model provides accurate tube 

wall temperature profiles in a reasonable simulation time, a 

first step towards simulation-based design of more efficient 

steam cracker convection sections. 

 

INTRODUCTION 

 

 Worldwide the high demand for fossil fuels is depleting 

the conventional oil reserves. Switching to alternative oil 

reserves or enhanced oil recovery methods changes the 

characteristics of the recovered oil. Mostly, the alternative oil 

reserves contain more impurities such as heavy metals, 

sulfur, nitrogen, and polyaromatic components, while they 

also have a higher Final Boiling Point (FBP) (Speight, 2004, 

Riazi, 2013, Santos et al., 2014). Processing these heavy oil 

fractions results in fouling of equipment both in upstream and 

downstream applications (Ishiyama et al., 2013, Ishiyama 

and Pugh, 2015). 

In steam cracking - the predominant process to make 

ethylene, propylene and many more valuable chemical 

building blocks - the use of  heavier hydrocarbon feeds is thus 

economically driven, but increased equipment fouling is 

observed. In the radiant section of a steam cracker, where 

tubular reactors are suspended in a fired furnace, coke 

deposition on the reactor wall is an all-time phenomenon, and 

its effect on operation has been studied in detail (Wauters and 

Marin, 2001). Fouling in the convection section of a steam 

cracker, a series of horizontal tube heat exchangers, becomes 

unavoidable due to the high(er) FBP and to the increase of 

polyaromatic compounds, such as asphaltenes and resins, in 

the feed (De Schepper et al., 2010, Mahulkar et al., 2014). To 

mitigate and more preferably prevent fouling, established 

steam cracker furnace and convection section designs have to 

be reconsidered. The current study focuses on fouling in the 

heat exchangers in the convection section. 

Figure 1 shows the complete steam cracker and zooms 

in on the convection section, where the feed is prepared for 

cracking in the reactor tubes in the radiant section. The 

different heat exchangers, using the heat in the flue gas 

coming from the radiation section, are named. A liquid feed 

is partially evaporated in the top bank, the evaporator. The 
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vapor/liquid flow is then mixed with overheated steam, 

coming from the steam overheater, in the steam dilution 

injector (SDI) (Fig. 1). For a conventional liquid feed this 

steam dilution suffices to complete the feed evaporation. In 

the bottom banks, named mixture overheaters (or high 

temperature coils, i.e. HTC), the hydrocarbon/steam mixture 

is heated to the required reactor tube inlet temperature. When 

cracking feeds with a high(er) FBP, the heavy tail of the feed 

has not yet completely evaporated when leaving the SDI. As 

a consequence, a spray flow containing small droplets of 

heavy hydrocarbons enters the HTCs. Droplets that impact 

on the tube wall experience the effect of high tube wall 

temperatures, resulting in tube fouling by coke formation (De 

Schepper et al., 2010, Mahulkar et al., 2014). 

Fouling is reported to occur mainly in the high 

temperature banks downstream the SDI. Mahulkar et al. 

(Mahulkar et al., 2014) reported that the extent of fouling is 

highly influenced by the tube wall temperatures. These wall 

temperatures influence both the droplet impingement 

behavior and the fouling layer growth. The tube wall 

temperatures of all heat exchangers can only be accurately 

determined by a coupled simulation of flue gas and process 

gas side of the steam cracker convection section. In the 

present study a coupled simulation of flue gas and process 

gas side is performed.  

 

Fig. 1: Schematic of a typical steam cracker and convection 

section. 

 

The first reported coupled simulation of a steam cracker 

convection section was performed by De Schepper et al. (De 

Schepper et al., 2009a), simulating the convection section 

presented in Fig. 1. De Schepper et al. (De Schepper et al., 

2009a) developed a complete 3D computational fluid 

dynamics (CFD) convection section model that enables the 

detection of hot spots on the tube walls, possibly resulting in 

local increased fouling. Almost a decade later, Hu et al. (Hu 

et al., 2016) applied this model to a more complex convection 

section, with an increased number of steam overheaters, 

aiming at an increased thermal efficiency. Verhees et al. 

(Verhees et al., 2016) significantly decreased the 

computational cost of a coupled simulation by the 

development of a 1D convection section model. The decrease 

in computational time comes at the cost of loss of simulation 

detail for the temperature profiles. Choosing between a 1D 

and a 3D CFD model is thus a trade-off between level of 

simulation detail and computational cost. In the present 

study, both CFD modeling and 1D modeling are combined in 

a hybrid model to gain in computational time but retain 

sufficient simulation detail for local temperature profiles. 

The process gas side is simulated using a 1D model. A CFD 

model captures the flue gas flow phenomena. 

 

CASE 

 

 The geometry and the operating conditions in the present 

study are both taken from De Schepper et al. (De Schepper et 

al., 2009a). The convection section, schematically depicted 

in Fig. 1, contains four banks, i.e. an evaporator (EVAPH), a 

steam overheater, and two mixture overheaters (HTC-1 and 

HTC-2), and a Steam Dilution Injector (SDI). 

 The present study focuses on the HTC-1 and HTC-2, 

where fouling is most likely to occur. The combined banks 

consist of eight tubes, each tube making 7 passes through the 

flue gas box (Fig. 2). The tube passes in HTC-1 (row 1-3) 

have an inline configuration. A mixed inline and staggered 

configuration is adopted for HTC-2 (row 4-7). The last tube 

pass in HTC-2 is shifted one position to the right or left, to 

ensure a more equal heat distribution over the tubes (Fig. 2) 

The main geometrical parameters of both banks are listed in 

Table 1.  

 

Fig. 2: Configuration of HTC-1 (row 1–3) and HTC-2 (row 

4–7). 

 

Table 1: Geometry details of HTC-1 and HTC-2. 

  
HTC-1 HTC-2 

Inner diameter m 0.07 0.1 

Wall thickness m 0.005 0.005 

Horizontal pitch m 0.14 0.14 

Vertical pitch m 0.15 0.204 

Length tubes m 11.38 11.38 

 

Heat is provided by the hot flue gas coming from the 

furnace. The flue gas enters at the bottom of the convection 

section and flows in opposite direction as compared to the 

process gas flow direction. Flue gas enters the convection 

section at 1450 K and 1 bar with a mass flux of 1.41 kg/(m2s). 

The flue gas is composed of the typical combustion products, 

namely 72.5 wt% N2, 2.6 wt% O2, 13.3 wt% CO2 and 11.6 

wt% H2O. 
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The gasoil feed is a complex hydrocarbon mixture 

consisting of over a thousand components. The thermal 

behavior of the complete gasoil was found to be accurately 

described when it is replaced by forty pseudocomponents 

(Chang et al., 2012). The gasoil is characterized by a 

simulated distillation curve, the Watson characterization 

factor K, the paraffins, iso-paraffins, olefins, napthenes and 

aromatics content (PIONA) and the C/H ratio, listed in Fig. 

3.  

Based on the work by De Schepper at al. (De Schepper 

et al., 2009b) the vapor quality of the feed leaving the 

evaporator is calculated to be 0.7. An energy balance over the 

SDI learns that the vapor quality rises to 0.86 when mixing 

the partially evaporated feed with steam of 600 K. The liquid 

hydrocarbons enter HTC-1 as droplets entrained in the vapor 

phase. It is assumed that the evaporated part of the feed 

consists of the lower boiling components, while the droplets 

are made up of higher boiling components only. From the 

distillation curve the temperature at the inlet of HTC-1 is 

determined to be 526 K. The gasoil/steam mixture mass flow 

rate of 8.8 kg/s is equally distributed over the 8 tubes of HTC-

1. The steam-to-oil ratio is 1 kgsteam/kgHC. 

For more details on the configuration and operating 

conditions reference is made to De Schepper et al. (De 

Schepper et al., 2009a). 

 

 

Fig. 3: Simulated distillation curve of the gasoil represented 

by 40 pseudocomponents (■). 

 

METHODOLOGY 

Coupling procedure 
 In the convection section, heat is transferred from the 

flue gas side to the process gas side. Flue gas side and process 

gas side are modeled using a CFD model and a 1D model, 

respectively. CFD flue gas side simulations are performed 

with imposed outer tube wall temperatures for each tube pass 

as boundary condition. Process gas simulations are 

performed with imposed heat fluxes along each tube pass as 

boundary condition. Outer tube wall temperatures are 

updated as a result of a process gas side simulation, while 

heat fluxes are updated as a result of a flue gas side 

simulation. The iterative procedure of the coupled simulation 

is shown in Fig. 4. 

 

 

Fig. 4: Iterative procedure for the coupled simulation of flue 

gas and process gas side of the convection section. 

 

The combined two banks, HTC-1 and HTC-2, consist of 

8 tubes making in total 56 tube passes. The convergence of 

this complex coupled problem is not guaranteed. To ensure 

convergence, a row-wise update of the boundary conditions 

(temperatures and heat fluxes) is adopted, starting from the 

bottom row where the flue gas enters the convection section, 

following the flow of the flue gas to the top. To further 

increase the stability of the coupled simulation procedure, 

under-relaxation is applied.  

In total 200 iterations are required to obtain 

convergence, calculating for 4 days on an 8 core machine. 

Convergence is reached when the relative difference of the 

heat flux between the previous and the current iteration for 

each tube pass is lower than 4%. 

 

Flue gas side 
Model 

The flue gas side is modeled using the CFD approach 

developed by De Schepper et al. (De Schepper et al., 2009a). 

The main consideration is the level of detail of the applied 

turbulence model to close the Reynolds-Averaged Navier-

Stokes (RANS) equations. The k-ε turbulence model, used 

by De Schepper et al. (De Schepper et al., 2009a) and Hu et 

al. (Hu et al., 2016), provides efficient closure of the RANS 

equations by applying the Boussinesque approximation, 

assuming isotropic eddies. In a close staggered packing of 

tubes, this assumption is valid as the dense packing of tubes 

neutralizes the highly isotropic vortex shedding, often 

observed for crossflow over tube arrays (Wung and Chen, 

1989). However, the k-ε model mostly fails for flow over an 

inline packing of tubes (row 1-5). Vortex formation in the 

wake of a tube is likely but will not be captured by the k-ε 

model. Vortex formation is captured when applying the 

Reynolds Stress Model (RSM) (Launder et al., 1975). The 

increase in hydrodynamics detail for the flue gas flow comes 

at an increase of the computational cost by a factor of 2-3. As 

illustrated by Fig. 5, a change in the flue gas hydrodynamics 

results in a remarkable change of the circumferential tube 

wall temperature profiles. The temperature profiles are 

obtained with an imposed heat flux of 30 kW/m2. In the 

present work, CFD modeling of the flue gas side using RSM 

is thus required. 

 Finally, the thermal boundary layer around the tubes is 

directly solved by using a very thin mesh at the tube wall. 

This enables to calculate the steep velocity and temperature 
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gradients at the tube wall required for accurate heat transfer 

results. 

Radiation, mainly from the hot convection section walls, 

is significant for rows 5 to 7. However, the high 

computational cost accompanying radiation modeling, does 

not justify the small change in wall temperature of the tubes 

of interest, i.e. row 1 and 2, when studying fouling. 

 

Fig. 5: Circumferential tube wall temperature profile for tube 

4 ( ), row 3 of HTC-1 combined with vector plot of the flue 

gas flowing over the tube. k-ε (blue) and RSM (red) 

turbulence modeling. Imposed uniform heat flux of 30 

kW/m2. 

 

Geometry 

In the present study, the simulation domain is limited to 

the bottom two tube banks (HTC-1 and HTC-2) sensible to 

fouling. Hence, the simulated domain contains 56 tube 

passes. To limit the computational cost, the CFD calculations 

are reduced to a 2D problem by assuming the flue gas 

temperature to be constant along the length of the tubes. A 

mesh selectivity study is performed. The mesh contains 1.2 

million cells, including mesh refinement around the tube 

walls to calculate the thermal boundary layer around the 

tubes. 

 

Process gas side 
Model 

The process gas side of the convection section is 

modeled using the model recently introduced by Verhees et 

al. (Verhees et al., 2016). Based on the study of Mahulkar et 

al. (Mahulkar et al., 2014), it is assumed that droplets 

suspended in the vapor flow deposit in the first, adiabatic 

bend of HTC-I. Hence, the local heat and mass transfer effect 

of the small portion of liquid percolating in the heated tubes 

and evaporating is not accounted for in the present study. The 

fluid temperature in the HTC tubes is calculated by solving 

the discretized single phase, steady state energy balance 

along the tubes: 

 

 �̇� 𝑑(𝑐𝑝𝑇𝑏) = 𝑞𝑤𝑎𝑙𝑙𝜋𝑑𝑜𝑑𝑧 Eq. 1  

with ṁ the total mass flow, cp the specific heat, z the axial 

coordinate, do the outer diameter and qwall the imposed heat 

flux calculated from the flue gas side simulation. qwall is the 

boundary condition for the process gas side simulation. The 

outer tube wall temperature, boundary condition for the flue 

gas side simulations, is updated using the following equation: 

 

 𝑇𝑤𝑎𝑙𝑙 =
𝑞𝑤𝑎𝑙𝑙

𝑈
+ 𝑇𝑏  Eq. 2  

with Tb the calculated fluid bulk temperature. The overall 

heat transfer coefficient from outer wall to fluid, U, is the sum 

of the thermal resistance of the tube wall and the fluid flow: 

 

 1

𝑈
=

1

ℎ

𝑑𝑜

𝑑𝑖

+
𝑑0

2𝜅
ln

𝑑𝑜

𝑑𝑖

 
Eq. 3  

with di and do the inner and outer diameter of the tube, h the 

heat transfer coefficient and κ the thermal conductivity of the 

tube wall. 

The thermal conductivity, κ, is assumed constant and is 

given a value of 35 W/(m K). Accurately predicting the heat 

transfer coefficient h is the main challenge when modeling 

the process gas side, in particular for two phase flow. At the 

inlet of the HTC-1 tubes, a spray flow is injected. In the 

present study the flow is assumed to be single phase flow. 

The heat transfer coefficient for single phase forced 

convection flow is calculated using the Dittus-Boelter 

correlation (Dittus and Boelter, 1930): 

 

 𝑁𝑢 = 0.023𝑅𝑒4 5⁄
𝑃𝑟0.4 Eq. 4  

with Re and Pr the Reynolds and the Prandtl number, 

respectively.  

Crossflow of the flue gas over the HTC tubes results in 

flow separation at sufficiently high Reynolds numbers as 

observed in Fig. 5. Flow separation results in the formation 

of a wake, made up of two vortices above each tube. In this 

wake, the flue gas velocity is an order of magnitude smaller 

than the bulk flue gas velocity. For the tubes in an inline 

configuration (row 1-5), it is observed that a tube is 

positioned in the wake of the tube in the lower row (observed 

for row 1-4). As a result, a low velocity region is formed 

around the lower zone of the tube (angle θ2, Fig. 6). The low 

flue gas velocity region results in a low heat transfer 

coefficient zone. At the end of this lower zone with limited 

flue gas velocity, the flue gas flow re-attaches to the tube. 

The high flue gas velocity and corresponding shear sideways 

of the tubes result in a more efficient heat transfer. Finally, 

the flue gas separates from the tube wall. In the zone above 

the tube (angle θ1, Fig. 6) the above mentioned wake is 

formed and  the flue gas velocity and thus the heat transfer 

coefficient are low. Based on these observations, the tube in 

the 1D process gas side model is compartmentalized in three 

regions, i.e. a lower dead zone, a high shear side zone and an 

upper wake zone (Fig. 6). In the compartmentalized 

approach, the heat flux qwall is taken as the area-weighted 
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average of the heat flux contributions of each compartment, 

as calculated from the flue gas side simulation: 

 

𝑞𝑤𝑎𝑙𝑙 = ∑
𝑞𝑤𝑎𝑙𝑙,𝑗𝜃𝑗

2𝜋

3

𝑗=1

 
Eq. 5  

with qj and θj the heat flux and angle of compartment j. The 

heat exchanging area is proportional to the angles of the 

compartments, shown in Fig. 6. Remark that the angles of the 

compartments differ for the different tubes and are strongly 

related to the configuration of the tube passes. 

The outer tube wall temperatures, boundary condition 

for the CFD flue gas simulations, are computed as: 

 

 𝑇𝑤𝑎𝑙𝑙,𝑗 =
𝑞𝑤𝑎𝑙𝑙,𝑗

𝑈
+ 𝑇𝑏 Eq. 6  

in the compartmentalized approach. 

 

Geometry  

Details of the simulated tube banks HTC-1 and HTC-2 

are listed in Table 1. Following a first discretization in the 

axial tube direction, the circumference of the tube wall is 

divided into three compartments if the compartmentalized 

approach is used. The angles of the different compartments 

are determined from the shear stress profile on the tube wall 

resulting from a preliminary flue gas side simulation. At the 

stagnation points – the flow re-attachment point and the flow 

separation point – the shear stresses on the tube wall are 

minimal. Based on the position of these minima, that is the 

position of the re-attachment and separation point, the angles 

θj are determined. Fig. 6 learns that the lower compartment 

of a tube (θ2) is negligible for the lower row of the tubes in 

an inline configuration (row 5) and the tubes in a staggered 

configuration (row 6-7). The latter is due to the fact that the 

tube in these rows are not positioned in the wake of a tube of 

a lower row, contrary to the tubes in row 1-4, as discussed 

above. The angle of the compartments is thus strongly related 

to the flue gas velocity field.  

 

Fig. 6: Angle of compartments of the tube passes, (top) θ1 and 

(bottom) θ2, of tube 1 (◊), tube 2 (□), tube 3 (○) and tube 4 

(+). 

 

RESULTS 

Hybrid CFD-1D model 
Flowing over HTC-1 and HTC-2, the flue gas is 

calculated to cool down from 1450 K to 1279 K. The HTC-2 

outlet hydrocarbon/steam mixture temperatures are listed up 

in Table 2. The outlet temperatures are calculated to be rather 

uniform over all eight tubes. The average HTC-2 outlet 

temperature, 886 K, is close to the typical industrial reactor 

inlet temperature (i.e. the HTC-2 outlet temperature) which 

is about 890 K (Hu et al., 2012).  

 

Table 2: HTC-2 outlet hydrocarbon/steam mixture 

temperature. 

Tube nr. Outlet Temperature 

 K 

  1D 1D Compartmental 

1 874 874 

2 892 891 

3 888 886 

4 889 884 

5 885 883 

6 887 883 

7 895 891 

8 876 875 

Average 886 883 

 

As HTC-2 outlet temperature differences are less than 21 

K, the total heat transfer to each tube is about constant. Tubes 

2 and 7 have the highest outlet temperatures. This is, amongst 

other, a consequence of the configuration of the HTC-2, more 

specifically of the fact that, in row 5, tubes 2 and 7 are not 

positioned in the wake of a tube in row 6 (Fig. 2). The lower 

tube area, with limited heat transfer for tube 2 and 7, is thus 

very small. The latter is confirmed in Fig. 6 where the θ 

values proportional to the size of the zones are compared for 

tubes 1, 2, 3 and 4. The value of θ2 for tube 1 and 3 is 

considerably larger than for tube 2 and 4 in row 5. The lower 

velocities at the convection section walls result on the one 

hand in smaller upper zones with low heat transfer for tubes 

1 and 8 and on the other hand in considerably less heat 

transfer to these outer tubes. It can be seen in Table 2 that this 

leads to low outlet temperatures of tubes 1 and 8. 

Fig. 7a shows the heat flux to each of the 8 tubes in all 7 

rows. The above observations, describing the influence of θ1,  

θ2 and the vicinity of the wall, are confirmed. Additionally, 

the bottom rows 6 and 7 have a significantly smaller heat 

flux, even though the lower zone, that is the value of θ2 (Fig. 

6) is smaller. The heat fluxes for rows 6 and 7 correspond to 

a lower interstitial flue gas velocity reducing the value of the 

convective heat transfer coefficient due to a lower Reynolds 

number. In Fig. 7b the heat flux profile, outer tube wall 

temperature profile and process gas temperature profile for 

tube 3 are presented. The low heat flux to the tube in row 3, 

last pass of HTC-1, corresponds to the larger lower dead 

zone, θ2 (Fig. 6). The latter is a consequence of the fact that 

the tubes in row 4, first pass of HTC-2, have a larger 

diameter, and thus a wide wake. Fig. 7b also clearly shows 

that the difference between the wall and the bulk temperature 
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is inversely proportionally to the heat flux. The latter follows 

from Eq. 2, where the overall heat transfer coefficient U is 

considered uniform over each cross-section of a tube. 

Fig. 8 shows the velocity and temperature contour plots 

of the flue gas and confirms the above made observations. 

The large dead zones with low flue gas velocity below and 

above the tubes result in lower local heat fluxes. This 

observation supports the need to compartmentalize the 1D 

simulation of the gas side process to refine the simulation 

results.  

 

Fig. 8: Contour plot of the flue gas axial velocity (left) and 

temperature (right). 

 

Finally it is observed that the results of the coupled 

simulation using the hybrid CFD-1D approach are 

symmetrical at the flue gas side of the convection section 

(Fig. 8). This implies a possible further reduction in 

computational costs by imposing a symmetry boundary 

condition, with symmetry axes, separating tube 4 and tube 5. 

 

Hybrid CFD-1D compartmentalized model 

 The simulation is reconducted with the hybrid CFD - 1D 

compartmentalized model. The outlet temperatures of HTC-

2 can be found in Table 2. They differ by no more than 5 K 

from the results of the hybrid CFD-1D model. Hence, the 

total heat transfer does not significantly differ. This 

conclusion is extended to the average heat flux per tube pass. 

The average wall heat flux does not significantly change 

switching from the hybrid CFD–1D to the CFD-1D 

compartmentalized model. This is confirmed by the parity 

plot of the (area-weighted) average heat flux per tube pass, 

shown in Fig. 9. The same result is observed for the average 

wall temperature (not shown). 

 

Fig. 9: Parity plot of the average heat flux comparing the 1D 

with the 1D compartmentalized approach. 

 

The subdivision of the tube into three compartments, based 

on the shear stress profile, is to account for the local 

variations in wall temperature and heat flux. Fig. 10 shows 

the circumferential heat flux for tube 3 passing in rows 1, 3, 

4 and 6. Similar profiles are computed for all tubes and rows, 

as expected. The upper and lower compartment, θ1 and θ2, are 

located around π/2. The lowest heat flux is observed in the 

upper compartment (θ1). Hence, the wake originated by flow 

separation highly influences the heat transfer to the tube. Fig. 

10 also shows that in the compartmentalized approach the 

amplitude of the heat flux profiles slightly decreases. In 

practice the main interest is the wall temperature profile of 

the tubes. In particular the maximum wall temperature is 

important since this will be a measure for the onset of fouling. 

The flue gas CFD simulation yields a circumferential heat 

flux profile for each tube pass. Based on the heat flux profile, 

on the overall heat transfer coefficient and on the bulk 

temperature (obtained from the process gas side simulations), 

Fig. 7: (a) Outer wall heat flux to each tube in different rows. (b) Heat flux, outer tube wall temperature and process gas 

profile for tube 3 throughout HTC-1 and HTC-2 obtained using the hybrid CFD-1D model. 
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the corresponding circumferential tube wall temperature 

profile is extracted using the following equation: 

 

 
𝑇𝑤𝑎𝑙𝑙(𝛾) =

𝑞𝑤𝑎𝑙𝑙(𝛾)

𝑈
+ 𝑇𝑏   

Eq. 7  

with γ the angular coordinate. Mahulkar et al. (Mahulkar et 

al., 2014) reported that the liquid droplets almost instantly 

deposit on the tube wall upon entering the HTC-1. Hence, the 

fouling layer will mainly develop in the tube passes of the top 

row(s) of HTC-1. In Fig. 11, the wall temperature profiles for 

tube 3 in row 1 and row 3 are presented. The shape of these 

wall temperature profiles corresponds to the shape of the heat 

flux profiles. The relatively large difference between 

circumferential heat fluxes is flattened out to lower 

differences in wall temperatures as can be concluded from 

Eq. 7. The maximum wall temperatures occur at the lower 

part of the tubesides, as seen in Fig. 11. This is a consequence 

of the high flue gas velocities and corresponding high heat 

fluxes. 

 

 

Fig. 11: The wall temperature profiles of tube passes of tube 

3 and row 1 and 3. 

 

 Fig. 12 compares the difference in maximum wall 

temperature and local bulk temperature for all 56 tube passes 

using both modeling approaches. Based on Eq. 7, this 

difference corresponds to the maximum heat flux scaled by 

the overall heat transfer coefficient, qwall, max/U. The hybrid 

CFD-1D compartmentalized approach computes a lower 

maximum difference (Twall, max -Tb) as compared to the hybrid 

CFD-1D approach. This corresponds well with the decrease 

in amplitude in wall heat flux profiles (Fig. 10).  

The maximum wall temperature difference between the 

1D and 1D compartmentalized approach significantly differs 

in HTC-2. High gradients are present in the temperature and 

heat flux profiles, as seen in Fig. 11 and Fig. 10. Hence, three 

compartments can be insufficient to accurately capture these 

profiles. Most possible, the wall temperature will further 

decrease when increasing the number of compartments. For 

instance, the left and right side of the tube pass (left and right 

of π/2 in Fig. 11) are far from symmetrical, suggesting to 

account for additional compartments. Hence, a sensitivity 

study has to be performed to determine the number of 

compartments that has to be taken into account. 

 

Fig. 12: Parity plot of the difference between the maximum 

wall temperature and the bulk temperature for each tube pass 

comparing the 1D with the 1D compartmentalized approach. 

 

CONCLUSIONS 

 In this work, a coupled flue gas and tube side simulation 

of the convection section is performed. In order to obtain 

valuable tube wall temperature profiles in a reasonable 

amount of time a hybrid approach is chosen. The wall heat 

flux is obtained by the CFD simulation of the flue gas side. 

Fig. 10: Heat flux profiles of tube 3 in row 1, 3, 4 and 6 obtained by the 1D approach and the 1D compartmentalized approach. 
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A 1D simulation of the tube side results in a wall temperature 

profile which was again passed to the CFD simulation. It is 

observed that a pure 1D model does not accurately capture 

local information. Based on the characteristics of the flue gas 

flow field, i.e. wake formation, the tube is divided in three 

compartments. A considerable effect on the results is 

observed. Compared to the pure 1D model, 

compartmentalization decreases (Twall, max -Tb) by up to 10%. 

Given the effect of Twall, max on tube fouling, a 

compartmentalized approach is preferred. 

 

NOMENCLATURE 

 

1D  One-dimensional 

3D  Three-dimensional 

cp  Specific heat, J/(kg K) 

d  Diameter, m 

EVAPH Evaporator 

FBP  Final Boiling Point 

HTC High Temperature Coils 

h  Heat transfer coefficient, W/(m2 K) 

K  Watson characterization factor, dimensionless 

ṁ  Mass flow, kg/s 

Nu  Nusselt number 

PIONA Content of Paraffins, Isoparaffins, Olefins, 

Napthenes and Aromatics of oil feed, wt% 

Pr  Prandtl number 

q  Heat flux, W/m2
 

RANS Reynolds-Averaged Navier-Stokes equation 

Re  Reynolds number 

RSM Reynolds Stress Model 

SDI  Steam Dilution Injector 

T  Temperature, K 

U  Overall heat transfer coefficient, W/(m2K) 

z  Axial position, m 

κ  Thermal conductivity, W/(m K) 

γ  Angular coordinate, radian 

θ  Compartment angle, radian 

 

Subscript 

b  bulk 

j  integer 

i  inner 

o outer 

wall  wall  
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