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Abstract

The mass transfer and the pressure drop characteristics for countercurrent rotating packed
bed (RPB) with a continuous gas phase for the removal of ethylene dichloride (EDC) from
water using air stripping have been investigated. The aim of this research was to understand
the behaviour of the mass transfer performance and the pressure drop behaviour in a

centrifugal environment.

The mass transfer results showed that the height of a transfer unit (HTU) in a liquid film
limited system can be in the range between 30 to 70mm at moderate centrifugal acceleration
between 44 to 280g. Three packings of different packing densities ranging from 870 to 2300
m?/m3 were tested. The HTU values were found to vary with the centrifugal acceleration as

HTU q. g'o'“ 10-0.28 1t has been shown that the packing density may not have a notable

effect on the separation performance of the bed.

The pressure drop results indicated that in RPB the pressure drop is relatively higher than
its equivalent packed beds operate at 1g. The usual flooding restrictions were relaxed thus
high hydraulic capacities can be achieved per unit size of equipment. At the flooding point,
experimental findings indicated that a part of the liquid is not accelerated by the bed. A
model to predict the pressure drop was developed. The model was verified against

experimental data and good agreement was obtained.

Key words: Process Intensification, Rotating Packed Bed (RPB), HiGee, Ethylene Dichloride
(EDC), Height of Transfer Unit ( HTU ), Centrifugal Acceleration ( (1)2};).
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Chapter 1

Introduction

In recent years the need to improve mass and heat transfer equipment has had
engineers and scientist searching for new methods and techniques to achieve this aim.
The challenges were to design novel equipment and implement new ways of production.
Motivation has not only come from economic pressures but also from the development

of reliable, compact, safer and more efficient technologies using smaller components as
a result of adopting new philosophies such as miniaturisation and decentralisation of a

plant leading to distributed manufacturing facilities, instead of large plants.

Process Intensification (PI} was first highlighted by Ramshaw [R1,R2]. It is a novel

design philosophy which aims to achieve significant reduction in the size of individual

plant modules, by a factor of ten or more, resulting in cost reduction, efficiency
enhancement and inherent safety. The concept of PI is to improve heat and mass
transfer characteristics hence generating better contacts between fluids. The advantage
of fast mixing properties can create improved heat and mass transfer rates. Thus

systems with limitations in mixing, reaction times and heat and mass transfer could

significantly benefit from PI.



Chapter 1 : Introduction 2

In multiphase systems the fluid dynamic behaviour is dictated by the interphase
buoyancy factors ( Apg ). If Apg = O, ( i.e. deep space ) there will be no interphase slip
velocity and the transfer process would be dictated by the dominating surface tension
forces. However, If 'g' is increased ( e.g. by generating centrifugal fleld by rotation ) then

a larger interphase slip velocity can be achieved and can produce stronger interphase

transfer.

By reducing the equipment size, the main plant items cost will be reduced. The main
plant items such as reactors, columns and heat exchangers contribute only partially to
the fixed capital cost of a plant. Table 1.1 shows the breakdown of the cost for a typical
plant. It can be seen from the table that a significant part of the capital cost is allocated
to piping and other civil engineering works. Generally, the overall cost can fall in the
region of 2 to 8 times the capital cost of the main plant items. Therefore, if this

installation factor can be reduced, a significant saving in the capital cost can be made.

One possible way to implement PI philosophy is to apply the to all main plant items. In
addition to cost reduction, PI can offer other benefits such as smaller items which
would have lower residence time and thus easier controllability and intrinsically safer
units in plants where flammable and toxic inventories of several tonnes are very
common. Furthermore, Pl can reduce the environmental impact of a plant because the
unit hardware sizes are drastically reduced, the restrictions imposed by headroom

limitations would be met and a complete plant can be built and put together on a small

footprint area.

The use of rotating packed beds for countercurrent gas-liquid flow was highlighted by

Ramshaw [R1]. The unit consists of a doughnut shape packed bed mounted in between

two discs and rotates coaxially with the rotor's axis of rotation.
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Chapter 1 : Introduction 4

The liquid is fed from the centre of the rotor onto the packing and flows outwardly
under the action of high centrifugal acceleration. The gas is introduced from the

periphery and flows inwardly to the centre of the rotor.

The high centrifugal acceleration environment generates high shear forces in the liquid,
resulting in very thin liquid films. Accordingly these films can yield very large surface
areas when fine packing is used, for a given value of throughput. In addition,
centrifugal acceleration may cause rapid and continuous renewal of the interfacial
surface. These factors coupled with the turbulence generated by the gas, e.g. in
gas/liquid countercurrent flow, offer great mass transfer enhancement potential in the
rotating packed beds ( RPBs ) and very low height of transfer units HTUs is achieved
compared to those of conventional packed beds. This reduction in HTU was attributed
to the higher values of volumetric mass transfer coefficients. Furthermore, when
centrifugal accelerations of several ‘g’ are applied to countercurrent flow in packed
beds, the usual flooding restrictions are relaxed. This allows the achievement of high

mass fluxes for packing with large surface area per unit volume,

The lower HTUs obtained by using RPBs can be explained from figure 1.1. It can be
seen that for fixed liquid and gas mass fluxes if ' g ' is increased the flooding value of
the Y-axis must be constant and hence a higher surface area packing @, can be used

which in turn it helps to produce higher volumetric mass transfer coefficients K a.

The relaxation in the flooding limits can also be explained in terms of the Y-axis group

from the Sherwood correlation in figure 1.1 for packed beds.
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The Y-axis group suggests that if ' g ' is increased, for a given packing material with
surface area ap and porosity €, a higher gas throughput ( i.e. higher Ug ) can be used
per unit area of the packing at the inlet of the bed. Further details are discussed in

section 1.9.3.

Higher values of Ug and lower values of HTU will produce a small size equipment.

Ramshaw [R1] found that typical values for height of transfer units in liquid film
limited system were between 30-50mm and for gas film limited system were between

10-30mm.

The background section 1.2 gives most of the research work available in the literature
on rotating packed beds. Further information about conventional packed beds is also
discussed. Chapter 2 describes the details of the experimental set up used for the mass
transfer data together with the packings' specification and the influence of the end

effect. In chapter 3 the mass transfer results are discussed in detail. The effect of
rotational speed on the mass transfer performance using different packing material
having different packing densities are also given. The experimental values of the height
of transfer unit HTU were compared against values obtained from theoretical and
empirical models. Chapter 4 discusses the effect of llquici distribution on the mass
transfer performance in rotating packed beds. Results of the tests on effect of the initial

liquid distribution on the mass transfer performance are also given.

Chapter 5 details a second smaller experimental set up used to study the behaviour of
the flooding and pressure drop in rotating packed beds. Different flooding data at
various liquid and gas loadings were given. The Sherwood approach were tested against
the obtained experimental values for the gas flooding velocities. A mathematical model
for the pressure drop across the packing section is given. The model is validated

against experimental values. Chapter 6 outlined the conclusions of this thesis work

and the recommendations for future investigations.
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1.1 Scope of the Thesis.

Process Intensification is a new concept, and hence the literature about the rotating
packed beds is very limited. A better understanding of the interaction between the
phases involved ( gas-liquid-packing ) is therefore needed. Two rotating packed beds of
45mm and 20mm in diameter have been designed and commissioned to generate large
centrifugal accelerations. The design details and specifications of both rotors are given

in chapter 2 and 5.

The aim of this thesis is divided into two parts. In the mass transfer part, the aim was
to investigate the effect of the liquid flow rate, gas flow rate, liquid to gas ratio for
higher gas and liquid flow rates, rotor speed, liquid distribution and packing density

and type on the mass transfer performance and to compare the experimental height of

transfer units values with those estimated from theoretical models. Ethylene Dichloride

-water-air system was used in the mass transfer experiments. In the flooding behaviour
part, the air-water system was used and the aim was to investigate the flooding
phenomenon, the liquid flow characteristics at the flooding conditions and the pressure

drop behaviour across the radial depth of the bed.

1.2-Background.

One of the approaches used to implement PI philosophy is to exploit centrifugal
acceleration. Ramshaw [R3,R4] highlighted different potential applications which can

be intensified in a high acceleration environment by employing high centrifugal fields.

In the last few years, attention has been focused on exploiting the centrifugal

acceleration in rotating packed beds.

Cross and Ramshaw [Cl] and more recently Caruana [C2] and Wegeng [W1] have

highlighted a new approach in PI by using microchannels in the design of different unit
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operations. The concept is, largely, based on: (1) engineered microchannels whereby
better distribution within the channels can be achieved and (2) the generation of high
surface area per unit size of the equipment thereby creating more interacting surface
area between the fluids. Moreover, because of the laminar nature of the flow in these

channels, the heat and/or mass transfer process takes place by the virtue of the
diffusional mechanism. Another advantage of using microchannels is the relative

simple controllability of different parameters such as temperature and residence time.
Some tests in these studies were carried out on gas/liquid and liquid/liquid systems to

prove the potential application of using the microtechnology.

Since the rotating packed beds RPBs can be regarded as an extension for conventional
packed columns run at 1g, it could be useful to employ the different empirical and

theoretical models developed in 1g to RPBs.

1.3- Liquid Distribution.

1.3.1- Liquid Maldistribution,

In packed beds the key assumption is that for any packing material the surface area is
entirely active as a result of wetting the packing with sufficient liquid. However,
because the inherent liquid maldistribution in packed beds results in the formation of
relatively lower surface area flow patterns such as rivulets, it would be unreasonable to
assume that the liquid progresses over the bed as a series of thin films wetting the
whole surface area. Liquid maldistribution in packed beds leads to poor performance
hence good liquid distribution is the key factor for achieving better performance with
any type of packing material. In order to achieve good liquid distribution ( i.e.
maintaining the ratio between local liquid flow rate to the average liquid flow rate at

unity ) and optimum mass transfer performance, effective lateral spreading from the

liquid source is desirable.
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In every packed bed the liquid will flow in preferential paths instead of uniform thin
films covering the whole packing. Accordingly the liquid maldistribution was classified
into two broad categories; large and small scale maldistribution. The former is

associated with the liquid flow and the structure of the bed near the wall of the column,

and the latter is associated with the packing material itself over which the liquid or the

created rivulets have poor capacity to spread all over the packing.

Albright [Al] simulated the liquid flow distribution through packed beds. For every
packing material a small scale maldistribution or channelling known as natural flow
will develop and it was found that, for good initial liquid distribution, the flow will
disintegrate to natural flow quicker, after about a length equivalent to 8-10 times the

packing size, than an inadequately distributed liquid which could take longer.

Hoek et al [H1] developed the concept of radial spreading coefficient ( with linear

dimension, m ) for different packing sizes to measure the tendency of packing material
to spread a liquid stream ( e.g. rivulet ) radially, as it trickles down the bed. They
showed that the higher the radial spreading coefficient the faster the initial distribution
becomes a natural flow. Further it was found that packing material with large radial

spreading coefficient would improve the mass transfer performance for maldistributed
liquid. They concluded that for packing with a higher radial spreading coefficient ( i.e.

large packing sizes) mass transfer performance is more efficient. It was shown that a
typical value of the radial spreading coefficient could vary from 6% to 14% of the

packing size.

Bremer and Zuiderwig [B1] studied the liquid maldistribution in packed beds using
different sizes of Rasching rings packing. It was established in this work that both the
maldistribution factor and the spreading coefficient are strongly dependent on the
packing sizes rather than the wettability of the packing, and this has led to the

conclusion that the bulk of the liquid progresses down the bed in stable channels.
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Stanek [S1] has compiled and discussed in detail most of the research work in liquid
distribution in packed beds. Liquid maldistribution in packed beds has been studied in
great details {B1,A1,H1]. For a conventional packed column, the diffusion model has
been widely used to predict the distribution of liquid in packed beds at various depths

[H1,Z1,Z2]. The model is based on the superficial liquid velocity.

1.3.2- Initial Liguid Distribution

Normally, the quality of liquid distribution [P1] can be assessed on the basis of three
factors; the distribution density or the number of distribution points, the geometric
uniformity of the location of the distribution points ( i.e. deployment of the distribution

point uniformly above zones of equal surface area ) and the uniformity or quality of
liquid flow from the distribution points. These three factors collectively constitute the

distribution quality; therefore a distributor with poor quality will have a detrimental

effect that produces poor performance resulting in higher HTUs.

1.4- Wettability of Packing,

Wetting of packing material is an important factor to help to quantify the total wetted
interfacial area of a packing in which mass transfer process normally occurs. Minimal
disintegration of liquid films, however, will be desirable in order to prevent dry patches
which can be ineffective. Hartley and Murgatroyd [H2} and Ponter et al [P2] have
studied the criteria of liquid film break-up over vertical flat surfaces forming dry
patches and liquid rivulets. Empirically, Onda [O1] studied the effect of the interactions

among different forces such as the inertial, surface and gravitational forces and their

effect in the prediction of the wetted area.
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1.5- Gas-Liquid Interfacial Area.

In packed beds, not the whole surface area of the packing will be active during the
mass transfer process, due to the inherent liquid maldistribution. Therefore the surface
area can be classified as active, ae ( i.e. effective ) and wet, ay areas. The former
represents the surface area whereby the liquid surfaces over the packing are
continuously renewed. The latter represents the parts of the packing which are wet but
have only a fraction of the area active because of the established channels and

stagnant liquid pockets in which the bulk of the liquid will be inactive.

Shulman et al [S2} have studied the effect of liquid and gas flow rates on both wetted
and interfacial areas in packed beds using two different packing materials, i.e.

Rasching rings and Berl saddles for the sizes of 12, 25, 38 and 50mm. They showed
that both the interfacial area, ae, and the wetted area, ay, change with liquid flow rate.

They further showed that the increase in gas flow rate does not affect the interfacial
area ae below the loading point, after which the interfacial area starts to increase. On

the other hand the wetted area ayw was found to decrease as the gas flow rate increases.

Davidson [D1] compiled data on both effective and wetted surface areas for different
size Rasching rings packing of 12, 25 and 36mm. He showed that the effective area ae,
for each packing, are less than the wetted ay area depending on the packing size; the

smaller the packing the higher the difference between ae and ay.

Several correlations have been reported to estimate the wetted surface area, among

which the Onda et al [O1] correlation can be used to calculate the wetted area. This
correlation takes into account the effect of surface tension, the surface energy of the

packing material and, the most importantly the gravitational force'g "
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_ &

4, 4

aw

=1-exp(-1.45(0/0)%7> Re®! (L2 ay/ p2 g )093 We0-2  (1.5.1})

The assumption of equality in the above equation between the ay and ae is that for
packing material with small static hold up ( i.e. large packing size ) the wetted area may

equal the interfacial area.

Puranik and Vogelpohl [P3] have analysed the effective interfacial area in terms of static
and dynamic hold-up. Based on this approach, they have proposed a generalised
correlation for 'effective’ surface area using different mass transfer mechanisms, namely
vaporisation and absorption with and without chemical reaction. The correlation was

expressed in a non-dimensional form as follows:

Ze —1.05 Re0047 We0.135 (g/5,)0:206 (1.5.2)

ap

Munjal [M1] referred to equation 1.5.3 to calculate the interfacial area which is based
on Fr and We numbers. It is worth pointing out that the We number in this equation

depends not only on inertia but also on the characteristic length of the packing.

Le 2 0.34 We?? Fr2 (1.5.3)

4y
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1.6- Liquid Side Mass Transfer Coefficient.

1.6.1- Theoretical Models.

In liquid mass transfer problems, most of the limiting cases can, broadly, fall into two

kinds of mass transfer mechanism. The diffusion process occurs across either a thin
film at the interface or a semi-infinite slab ( i.e. thick film ). In the Penetration model in
very short exposure time, the diffusion will take place as if the slab is infinitely thick,

Higbie [H3], but in the Film model the diffusion will take place only in a thin film at the

interface between the phases, Whitman [W2].

For Packed beds, the Penetration theory has been more widely used to describe the
behaviour of diffusion in detail than the Film theory, and this is largely because at very
short exposure time the diffusion process will take place across the film as though the

film is infinite figure 1.2. Furthermore the mass transfer coefficient in the Penetration

theory varies with the square root of the diffusivity ( K Las/-ﬁ ) in comparison with the

Film theory in which the mass transfer is directly proportional to the diffusivity
(K, a D).

Figure 1.3 represents the solution for the unsteady state diffusion in a rectangular co-

ordinates. The general form of the equation is given as:

2
2 p¥e e

and boundary conditions to satisfy are:

t=0 0( x (o C=C,
t20 x=0 C=C,
X =00 C=C,
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Figure 1.3 shows the concentration profile across the slab thickness ( 1) in rectangular

co-ordinates. The numbers on the curves were the value of the dimensionless group

(Dt/!?). The profiles shown represent the concentration profile at any depth, into the

slab, in a given time. After a very long exposure time, the whole slab becomes

saturated.
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An example illustrating the relevance of the Penetration theory to RPBs will now be
discussed. For O3 in air to be absorbed using distilled water at 1 atmosphere and using
an average centrifugal acceleration of 820 m/s? ( ~ 83g ) in a rotor with 158 mm and 60
mm inside diameter and axial length, respectively. The diffusivity of O9 in water is in
the order of 1.8x10"® m?/s and the packing has a surface area per unit volume and
packing filament thickness of 2500 m?/m3 and 1.1x10¢ m, respectively. For a liquid
flow rate equal to 20 L/min. ( 11 Kg/m?2s), the calculated exposure time from equation
1.6.3 was 0.0015 second and the average liquid film velocity from equation 1.6.4 was
0.26 m/s. With such a very short exposure time, a value of 0.0042 for the parameter

(Dt/I?) is obtained, thus suggesting from figure 1.3 that the diffusion process at its

early stages and the penetration theory should apply.

The Penetration model assumes that the flow of liquid over the packing elements is

laminar and the liquid is completely remixed at the junctions of the packing material.

The liquid mass transfer coefficient KJ,, can be expressed as:

Kj = 4D (1.6.2)

/19 4

where t is the exposure time of the liquid to the gas and can be estimated by the

following equation:

t e P (1-6.3)

where dp is the characteristic dimension ( e.g. filament thickness in reticulated packing

) and v is the liquid film velocity which can be expressed as:

82 2 \1/3
V=(p3gu ) 2[9812 ) oA
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where I' is the liquid flow rate per unit width and expressed in terms of the liquid film

thickness 0 as:

82
r_Sep
2|

Equation 1.6.4 is based on the assumption of negligible interfacial shear. Substituting

equation 1.6.4 into 1.6.3 and 1.6.3 into 1.6.2, an expression for K; can be obtained as

follows:

K, d
Sh = LD £ = 0.919 (ap/ae) '/ sc'/2 Re'/ Gr'/°  (1.6.5)

Davidson [D1] developed three models based on the Penetration theory to predict the

height of transfer unit HTU in packed beds for liquid phase mass transfer. The models
were based on the orientation of the packing's surfaces. In the first model, equation
1.6.6, the bed was assumed to consist of a large number of vertical completely wetted

surfaces:

HTU /dp = 0.345 Scl/2 Re?/3 Gr1/6 (1.6.6)

In the second model equation 1.6.7 the bed was assumed to have been made from a
large number with randomly inclined flat surfaces of equal lengths. In the third model
equation 1.6.8 the bed was assumed to have been made from a large number of

randomly inclined flat surfaces of random lengths. In equation 1.6.7 and equation 1.6.8

the surface lengths of the packing were assumed to be equal dp and dp/2, respectively.

HTU /dp= 0.244 Sc1/2 Re?/3 Gr-1/6 (1.6.7)

HTU /dp= 0.1833 Sc!/2 Re?/3 Gr1/6 (1.6.8)
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1.6.2- Empirical Models.

Vivian et al [V1] gave an expression for the volumetric mass transfer coefficient K;a,
equation 1.6.9 in which the K;a is proportional to g¥38, In this model both the mass
transfer coefficient and the interfacial area were lumped together to avoid any

uncertainty in calculating each of the K; and a separately.

0.38 0.4
K, ad 3 p?
L_ P -0.023 Scllz(g c -t ) (&) 1-1.02exp -(0.15)(ﬁ) (1.6.9)
D u i il

Onda et al [O1] were first to express the liquid side mass transfer coefficient correlation

equation 1.6.10 which has a gravity term. The K[, was found to be proportional to g!/3,

1/3 a 2/3 04
KL(—E-) = 0.0051 Re"”a[—-‘é-) Sc™0%(a,d)" (1.6.10)
HE de

1.7- Gas Side Mass Transfer Coefficient.

Many correlations have been reported in the literature. The value of the mass transfer
coefficlent K; was determined by employing different experimental techniques. The

systems were purely physical such as evaporation. Shulman et al [S2] have used a

packing made from naphthalene to measure the evaporation rate. Gamson et al [G2]
have measured the evaporation rate from a porous packing soaked in water. Onda et al

[02] compiled many of the literature data on water and organic systems.

1.8- Rotating Packed Beds.

Podbielniak [P4] tested the application of the centrifugal acceleration in a continuous

vapour/liquid contactor. The contactor was used to deodorise fats and oils by using



Chapter 1 : Introduction 20

steam stripping. The rotor's packing was made of pluralities of perforated equally-
spaced circular sheets deployed coaxially with the main shaft of the contactor. The
perforations permitted the gas to flow inwardly towards the eye of the contactor while
the liquid was expelled outwardly to the periphery of the contactor. The circular

perforated sheets provided limited surface area resulting poor performance.

Pilo [P5] and Pilo and Dahlbeck [PG] investigated the mass transfer performance of

rotating beds in either packed or plated beds. They tested the unit to scrub benzene
from town gas. They demonstrated that the unit has lower residence time and tested
the unit for the selective removal of instantaneously reacting H,S from town gas using

liquid ammonia as a solvent.

Vivian et al [V1] studied the effect of centrifugal acceleration in a gas absorption

experiment in a packed bed. The column used was a conventional packed bed, 150mm
in diameter and 300mm height and was mounted on a horizontal arm of a large

centrifuge. The ratio of centrifugal field to gravity used (ro?/g) was varied between 1 to
6.4. They reported that, for desorption of carbon dioxide from water into air, the liquid-

side mass-transfer coefficient varied with centrifugal acceleration as follows:

ro? )
Kiae « [——]

0.41<p=20.48

ICI (Imperial Chemical Industries) pioneered the HiGee (Hi Gravity) and it holds several
patents on this technology [R5,M2,W3,W4]. The unit can operate at high acceleration
with packing of high specific surface area. The device was constructed using a
doughnut-shaped high surface area packing, figure 1.4. The packing which was

mounted on the shaft and the liquid being fed to the bed by a stationary distributor.

The liquid is sprayed into the centre ‘the eye' of the bed and flows radially outwards



Chapter 1 : Introduction 21

under the action of centrifugal acceleration. On the other hand, the gas is fed from the

periphery and flows radially inwards to the centre of the bed due to the pressure

difference.

Short [S3] described HiGee and its possible role in the scaling down the height of a
distillation column by a factor of ten and mentioned that a slight reduction in diameter
is also achieved. He reported that test runs were conducted by ICI in distillation at total
reflux. The results have revealed that the theoretical plate height in the distillation
runs and the height of transfer unit in the absorption runs varied from 10 to 20mm at a

mean acceleration value of 1000g. Fowler [F1] discussed the application of HiGee in

water treatment and gas conditioning units.

Ramshaw and Mallinson [R5] were the first to report test results for absorption and
distillation using HiGee. Test runs were carried out to determine the gas and liquid
volumetric mass-transfer coefficients. For liquid-side volumetric mass transfer
coefficlents test runs were carried out to absorb oxygen from air into deoxygenated
water using two different packing materials; 1Imm spherical glass beads and Knitmesh
9031 with specific surface area per unit volume 3300 and 1650 m2/m3:, respectively.
For gas-side volumetric mass-transfer coefficients test runs were carried out to absorb
ammonia from ammonia-air system ( 5% by volume ) into water using two different
packing materials; 1.5mm spherical glass beads and Knitmesh 9031 with surface area

per unit volume of 2400 and 1650 m?/m3, respectively. A summary of their results is
shown in tables 1.2 and 1.3. The results showed an increase of volumetric mass
transfer coefficients, in proportion to the rotational speeds, up to several orders of
magnitude higher than the reported values for conventional packed beds. The reported

values for volumetric mass-transfer coefficients were roughly proportional to the

magnitude of the body forces raised to the power ranging from 0.14 to 0.54. The liquid

film mass-transfer coefficlent was calculated using the following equation:
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(1.8.2)

It was assumed that the effective interfacial ( active ) area for mass-transfer was equal
to the specific area of the packing material and the results are given in table 1.2. As can
be seen from table 1.2 the values of liquid mass-transfer coefficient are given without
any information about the gas flow rates, it is, therefore, difficult to draw any firm

conclusion.

The gas film mass-transfer coefficient was calculated using the following equation:

ln[ Yi~Ye; )
Myt Qfc, -c,) Ya—=Ye:

Yei) (1.8.3)
Vap P |(y,-¥e)-(y.-Ve.)

KG=

The results are given in table 1.3 where it can be seen that the gas film mass-transfer

coefficient increases with increase in the rotational speed.
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Ramshaw and Mallinson [R5] have also tested rotating packed beds for distillation
methanol-ethanol mixture at total reflux using a small vapour-liquid contactor, the
inner and outer radii of which were 6 and 9 cm, respectively. Packing material was

made of filaments of stainless steel gauze with a specific area of 1650 m2/m3. The bed

was run at a feed composition of 70% methanol and 30% ethanol. The feed was first

charged to a boiler and the resulting vapour, subsequently fed to the rotating bed and
the vapour condensed in a total condenser. The liquid composition leaving the
condenser was 9% ethanol and 91% methanol. For comparison with the gravity packed
bed, using 12 mm Intalox saddles, the same mixture was distilled, with results as

shown in table 1.4. It can be seen that up to a nine fold increase in the gas-side mass-

transfer coefficlent was achieved.

Table ( 1.4 ):Mass Transfer Coefficient for Methanol-Ethanol system.

Kgx 10° kga
mol/m2 s mol/m3 s
44 0.72

0.034

Vapour flow rate x 103 | Mean Acceleration.,

mol/m? s m/s?

8.60 2147

Munjal et al [M3] investigated the mass-transfer performance for two different rotating
models: rotating disk and rotating blades. The Penetration theory and the asymptotic
solution for liquid film thickness were assumed to apply. They studied the effect of
rotational speed on the enhancement of the volumetric mass-transfer coefficients. They
modified Davidson [D1] model to estimate HTU for flat surfaces and indicated that for
constant Grashof number values based on the average bed radius and the centrifugal
force, the resultant model may be used to estimate the mass transfer coefficient Ki, in
RPBs. For the gas-liquid mass transfer, they found that both liquid-side volumetric

mass-transfer coefficient and interfacial area varied with the rotational speed (w), at

powers of 0.61 to 0.75 and 0.28 to 0.42, respectively.
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Munjal et al [M4] studied the effect of various operating parameters such as bed volume
and rotational speed on the gas-liquid interfacial area in rotating beds. To determine
the interfacial area, they used the chemical method which is based on absorption with
fast chemical reaction. Carbon dioxide was absorbed in and reacted with sodium
hydroxide solution in a bed packed with 3mm glass beads. The gas-liquid interfacial

area was found to increase with both the liquid flow rate and rotational speed as

follows:
0.3
de QNaOH

0.42
da O ©

Keyvani and Gardner [K1] studied the operating characteristics of rotating packed beds

made of porous rigid foam-like aluminium packing with specific surface areas of 656,
1476 and 2952 m</m? all having a bed porosity of 0.92. The inside and outside radii of
the bed were 12.7 and 22.85 cm, respectively, with an axial height of 4.4 cm. The mass-

transfer results were found in close agreement with those obtained by Vivian et al [V1].

Tung and Mah [T1] used the penetration theory to describe the mass transfer behaviour
in the HiGee process, for two different packing materials: glass beads and copper gauze.
The estimation of the mass transfer coefficients was based on the effective interfacial
area, which was estimated by two different empirical correlations, instead of the total
surface area per unit volume of the equipment. Based on limited experimental data
from Ramshaw [R2] it was concluded that the Penetration theory can describe,

reasonably well, the mass transfer performance in HiGee process.

Kumar and Rao [K2] studied the mass transfer performance in HiGee using wire mesh

packing material having a surface area and porosity equal to 4000 m?/m3 and 0.95,
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respectively. They obtained higher values of volumetric mass transfer coefficient than

those in the conventional packed beds by approximately an order of magnitude.

Sirenko and Kulov [S4] investigated the fluid dynamics and mass transfer in rotating
packed beds. Three packing elements were used: corrugated disk, screen type elements
and perforated plate sheets having surface areas and porosities of 179, 358, 125 and
0.978, 0.955, 0.995 respectively. Tests were carried out at relatively high speed ranging

from 1500 to 5000 rpm, corresponding to centrifugal acceleration of 155 to 1710g

respectively, and flow rates were varied from 1.04 to 2.89 kg/m?s and from 0.354 to
26.5 kg/m?s for gas and liquid respectively. The screen type packing was used in air
stripping of ammonia solution from water and carbon dioxide from water to study the
mass transfer with gas phase and liquid phase limitations, respectively. In the liquid

film limited system their findings are, however, unusual as it was appeared that the
height of transfer unit HTU increased as the gas flow rate increases i.e. there was easler
separation. Moreover, in the CO,-water system, the height of transfer unit was
independent of the liquid flow rate. The reported data of HTUs was in the range
between 10 to 30mm at 5000 rpm for both the liquid and gas control mass transfer

respectively.

Bucklin et al [B2,B3] and Schendel [S5} highlighted different features of the HiGee, and
reported different commercial applications of the HiGee in natural gas treating

facilities. Mohr [M5] has described the HiGee test runs of different systems for a wide
range of process conditions and physical properties. Martin and Martelli [M6] reported
preliminary results on the distillation of cyclo-hexane and pentane at pressure of 12

atm using rotating packed beds. Using a rotor with a packing depth of 21.2cm they
determined an average value of HETP of 22mm. About nine theoretical stages were

achieved.
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Singh [S6] studied the application of HiGee in VOC removal from ground water. It was

claimed that HiGee was prone to fouling, which can be caused by the presence of some

inorganic elements in water.

Al-Shaban et al [A2] discussed a large scale type of HiGee separator, in which the liquid
is the continuous phase, and the rotor's outside diameter was 1m. Up to 4.3 transfer
units were obtained. However, they reported an unusual trend in the mass transfer
results whereby there was a reduced performance at higher speeds of rotation. These
observations were attributed to the size and the maldistribution of the bubbles within
\ the rotor. They also provided some cost data for a 0.5m rotor used in gas dehydration
in offshore duties where the gas was the continuous phase. A significant reduction in

both weight and cost was reported in comparison with a conventional column.

Zheng et al [Z3] highlighted recent progress in the application of RPBs in different

processes such as:

1. Water Deareation: a tentative economic comparison, between existing
technologies and RPBs, was presented in terms of capital cost, energy consumption,

footprint area, weight and height. Apart from the energy consumption which may be

in conflict, all other factors showed significant savings.

2. .Gas Desulfurisation: to produce ammonium sulphite and bisulphate by

absorbing SO, in ammonia or ammonium bicarbonate. Significant savings in

process time and energy consumption were achieved.

3. Production of Ultrafine Particles ( nano scale ) using RPBs as a reactive

precipitator to produce CaCOg3 particles from CO2 and lime Ca(OH),. Significant

reduction in process time and a tighter and small size distribution were reported.
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Xumei et al [X1] investigated the application of RPBs in an oxygen consuming

fermentation process with liquid film mass transfer limitations. The process was to
oxidise, sodium sulphite anhydrous in xanthen gum aqueous ( XGA ) which is a

pseudoplastic non Newtonian fluid, by means of aeration. They investigated the effect
of XGA's apparent viscosity and surface tension, for different concentrations, on mass

transfer. The volumetric mass transfer coefficlent was found to be higher by 5-20 folds

than that in a stirred tank reactor.

Liu et al [L1] studied the air stripping of ethanol from its solution in water.
Enhancement was achieved for the volumetric mass transfer coefficient as a direct
result of the application of the centrifugal acceleration. The values of the volumetric

mass transfer coefficient were found to vary with the centrifugal acceleration raised to

the power 0.25:

0.25
Ksao g

The reported pressure drop data were relatively high as the porosity values of the

packings used were 0.533 and 0.389, respectively.

Zheng et al [Z4] highlighted the relevant progress of the commercialisation of the RPB
technology in China. The results of using RPBs in potential target applications such as
particulate removal, reactive precipitation, polymer devolatisation, absorption, stripping

and bio-oxidation were discussed.

1.8.1-Advantages of Rotating Packed Beds.

RPBs, have several advantages which accordingly can made them desirable units: small

size equipment, high intensity providing low height of transfer unit and low residence

time, hence less chemical inventory during processing. The first feature can be a
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crucial one if the space and weight of particular units, are at a premium as in offshore
platforms. Another feature is the low residence time that will make HiGee advantageous
in selective removal of acid gases such as the removal of HyS from natural gas. RPBs

can still be favourable to accomplish certain duties because of the compactness of
these units even if fabricated from exotic/expensive materials such as titanium or

stainless steel.

1.8.2-Disadvantages of Rotating Packed Beds.

RPBs rotate similarly to the widely familiar equipment such as pumps, compressors,
and blowers. Also they require the use of seals such as face seals or labyrinth type
seals for rotors at modest speeds. Furthermore as only 20~25 stages per machine

basket can be achieved, due to distribution consideration, a multiple of machine
baskets ( either arranged in parallel or sequence depending upon the target duty ) may

be needed to achieve difficult separations. Pressure drop is relatively high in RPBs,
nearer to that in a plate column rather than the packed equivalent. This is largely
because of the enhanced frictional pressure drop with the static pressure drop

increases as a result of the application of the high centrifugal acceleration
environment. A typical liquid velocity at the rotor tip of 50 m/s will incur an energy
penalty as a result of the loss of kinetic energy. This may be significant at high liquid

flows.

1.9- Packed Bed Design

1.9.1-Mass Transfer Equations in Rotating Packed Beds.

For a differential volume AV figure 1.5 the material balance equation can be written as

follows:
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{mass in }—{mass out} = Rate of Stripping

Fig.(1.5): Mass Balance in Packed Bed.
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