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Abstract

Emerging emission-to-liquid (eTL) technologies that produce liquid fuels from CO; are a
possible solution for both the global issues of greenhouse gas emissions and fossil fuel
depletion. Among those technologies, CO, hydrogenation and high-temperature CO,
electrolysis are two promising options suitable for large-scale applications. In this study, two
CO,-to-methanol conversion processes, i.e., production of methanol by CO, hydrogenation
and production of methanol based on high-temperature CO, electrolysis, are simulated using
Aspen HYSYS. With Aspen Energy Analyzer, heat exchanger networks are optimized and
minimal energy requirements are determined for the two different processes. The two
processes are compared in terms of energy requirement and climate impact. It is found that
the methanol production based on CO; electrolysis has an energy efficiency of 41%, almost
double that of the CO, hydrogenation process provided that the required hydrogen is sourced
from water electrolysis. The hydrogenation process produces more CO, when fossil fuel
energy sources are used, but can result in more negative CO, emissions with renewable
energies. The study reveals that both of the eTL processes can outperform the conventional
fossil-fuel-based methanol production process in climate impacts as long as the renewable

energy sources are implemented.
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1. Introduction

Carbon dioxide (CO,) is the main greenhouse gas responsible for the climate change all over
the world. How to reduce CO, emissions is a main agenda in many countries and has
received substantial research attention [1-4]. Emission-to-liquid (eTL) conversion is a
promising technology to reduce carbon emissions as it directly consumes CO, as a reactant
and at the same time produces useful liquid fuels compatible to the current energy
infrastructure. Among various possible fuel products, methanol is of particular interest as it is
an energy carrier that can be used for gasoline blending or direct methanol fuel cells [5-6]. In
addition, it is a chemical feedstock for production of many valuable chemicals such as
formaldehyde, acetic acid, methyl methacrylate, dimethyl terephthalate, methylamines,
chloromethanes, dimethyl carbonate and methyl tertiary butyl ether [7]. It can also be
transformed to ethylene and propylene via methanol-to-olefin (MTQO) processes [8]. The
current annual consumption of methanol is over 60 million metric tons globally, and it keeps
growing [9]. However, almost all methanol produced worldwide is synthesized from fossil-
fuel-based syngas, which is neither sustainable nor environmentally-friendly [10-11]. The
eTL process kills two birds with one stone by enabling sustainable methanol production, and
at the same time, reducing atmospheric CO, levels.

So far, the synthesis of methanol from CO; has been successfully demonstrated using
photocatalytic, electrochemical and chemical (catalytic hydrogenation) methods. Though
photocatalytic reduction of CO, is an attractive option as it allows for a direct use of solar
energy, it is limited to lab-scale studies due to the sluggish kinetics and extremely low
efficiency [12-14]. In contrast, CO, electrolysis in a high temperature solid oxide electrolytic
cell (SOEC) and catalytic CO, hydrogenation show great potential for large-scale
applications and thereby large-scale CO, consumption [15-16]. After decades of efforts in

exploiting effective catalyst materials and developing advanced reactors, catalytic CO,



hydrogenation has become technically competitive with the industrial production of methanol
from syngas [17-20]. Different pilot plants have been constructed in Japan and Iceland to
produce methanol from hydrogenation of CO, with renewable H, [20]. A recent techno-
economic study revealed that the use of CO, hydrogenation for methanol production can be
economically viable as long as the costs of raw materials, i.e., H, and captured CO,, can be
reduced [21]. On the other hand, R&D activity for high-temperature CO, electrolysis is
accelerating [16]. One attractive feature of the electrochemical conversion of CO; is that it
provides a possible solution to the storage of intermittent renewable electricity [22]. To date,
substantial studies have been reported in various technical aspects of CO, electrolysis,
including new electrocatalyts, reaction mechanisms, catalyst degradation, cell design and
system design [23-28]. Despite significant technical advances in both of the technologies,
there has been a lack of systematic comparison of different CO,-to-methanol processes. Once
technologically mature, there is an ambiguity in selection between the processes.

In this study, the two CO,-to-methanol conversion processes, i.e., production of methanol
by CO;, hydrogenation and production of methanol based on high-temperature CO,
electrolysis, are simulated and analysed using Aspen HYSYS. Using Aspen Energy Analyzer
(AEA), heat exchanger networks (HEN) are optimized for both the processes, and their
associated minimal energy requirements are determined. The two processes are finally
compared in terms of energy requirement and climate impact. The results in this study will

shed light on the further development of various eTL processes.

2. Methods
2.1. Process description

2.1.1. Methanol production from CO, hydrogenation



The process of methanol production from CO, hydrogenation is illustrated in Fig. 1(a),
which consists of four main steps, i.e., CO; capture, H, production, methanol synthesis and
methanol purification. The input streams to this process are flue gas (2 bar, 313 K) and water
(1.01 bar, 298 K). In a global context, fossil-fuel-based power plants which are responsible
for ~57% of the total CO, emissions are reported as the largest CO, emitter [29], and thus
they are considered as the source of CO, in this study. Carbon capture process is firstly
employed to separate CO, from flue gases from a thermal power plant. Substantial efforts
have been made, particularly in recent years, to develop effective carbon capture technologies
as a potentially immediate way to reduce the carbon intensity. The existing technologies for
CO; separation and capture for power plants can be divided into three different categories,
namely, post-combustion processes for a traditional coal-fired power plant, pre-combustion
processes for gasification or reforming and oxy-fuel processes [30]. Post-combustion capture
by liquid absorption using monoethanolamine (MEA) has been identified to be the most
promising technology to date in terms of effectiveness and cost [31-33]. Water is here used as
a source of H,. With an electrolysis system, water is decomposed into stoichiometric amounts
of H, and O,. Compared to other available hydrogen production methods, water electrolysis
has advantages of wide availability, flexibility and high purity of products. Though the high
cost associated with the use of precious-metal catalysts remains an issue for the widespread
application of this technology, it provides the best way for large-scale storage of intermittent
renewable electricity. The produced H,, together with the captured CO,, are sent to a
methanol synthesis unit for methanol production, which is normally operated in a temperature
range of 493~543 K [13]. Following the methanol synthesis step, methanol purification is
applied where a series of distillation columns are used to remove impurities from the

methanol product. Fig. 1(b) shows our model layout.



2.1.2. Methanol production based on a high-temperature SOEC system

Fig. 2(a) schematically shows the process of methanol production based on a high-
temperature SOEC system. Four steps are involved in this process, which are CO, capture,
high-temperature electrolysis, methanol synthesis and methanol purification. Similar to the
CO; hydrogenation process, water (1.01 bar, 298 K) and flue gas (2 bar, 313 K) are the input
streams to the system. With a carbon capture unit, CO; is firstly captured from flue gases of a
thermal power plant. The captured CO is then sent to an SOEC system for syngas production
together with water after being heated up to 1073 K (i.e., the operating temperature of the
SOEC [26] ). The resultant gas consisting of CO, CO, and H,O is then passed to a methanol
synthesis reactor for methanol generation. Methanol purification is finally performed to
ensure the purity of the produced methanol. The corresponding Aspen HYSYS model is

shown in Fig. 2(b).

2.2. Process simulation
2.2.1. CO, capture unit

Post-combustion capture by liquid absorption using MEA is adopted in the present study.
The built-in MEA absorber and generator in Aspen HYSYS is directly used for the
simulation. Typical thermal power plant flue gas consisting of, by molarity, 71.4% N, 14.6%
COg, 11.2% water vapour and 2.8% O, [34] is fed into the unit for treatment. After leaving
the power plant, the flue gas is supplied at 313 K and 2 bar into the bottom of the absorber
column where it flows upwards. It flows counter-currently to the MEA which is introduced
from the top of the column (called lean amine) and the treated gas is drawn from the top of
the tower. The MEA absorbs the CO, in the flue gas and then leaves from the bottom of the
column (rich amine). The rich amine is regenerated in a stripping column. The heat required

by the regeneration process can be a main contributor to the total energy consumption.



Typical energy requirement for the capture of 1 kg of CO, is 3~5 MJ according to the
literatures [35-36]. The values of the MEA concentration and MEA loading are adjusted to
ensure the power consumption fall within this typical range. The CO, from the regeneration
column is compressed to 67.4 bar, which equals to the pressure of the methanol synthesis
reactor. To avoid excessive temperature increase, the compression takes place in four stages,
and coolers are added between the stages. The operating conditions of the CO, capture unit

are summarized in Table 1.

2.2.2. Water electrolysis unit

H, necessary for CO, hydrogenation is produced from a water electrolysis system.
Alkaline water electrolysers are considered in the study as they are a quite mature technology
which can offer reasonable efficiency at relatively low costs compared to other emerging
water electrolysis technologies [37-39]. The electrolysis system contains a number of alkaline
electrolytic cells stacked together to achieve a required gas production capacity. Each single
cell consists of an anode and a cathode operating in an aqueous electrolyte solution of
potassium hydroxide or sodium hydroxide. A direct current is applied to the cell when
operation. The protons in water are reduced at the cathode to form H, gas by combining the

electrons coming from the external circuit.

Cathode: 2H" + 2e" >H, 1)
At the anode, the below oxidation reaction occurs, generating O, gas and giving electrons to

the cathode to complete the circuit.

Anode: 20H > 0.50, + H,0 + 2¢ )

The overall reaction of the water electrolysis is therefore written as

H,O 2> H, +0.5 0, (3)



The generated O, from this step is assumed to be vented to the atmosphere. To produce 1 m®
of H, under STP conditions, a state-of-the-art alkaline water electrolysis system requires an
energy input of 4~5 kWhg [36]. The system provides H, at 30 bar and 298 K, which is then

compressed in one stage to the required reactor pressure of 67.4 bar.

2.2.3. Methanol synthesis and purification unit

Two types of methanol synthesis reactors are generally used in industrial production
processes, i.e., a quench reactor consisting of a series of adiabatic beds where fresh syngas is
introduced among the beds, and a Lurgi-type shell-tube reactor where the tubes are filled with
catalysts and the heat released from the reactions is removed by circulating water on the shell
side to produce medium pressure steam. In our model, the isothermal operation of the latter
reactor is selected. The reactor is modelled as a plug flow reactor using Aspen HYSYS. The
temperature in the plug flow reactor rises steadily along the flow direction and the heat
generated by reactions is simulated as a direct heat source. The temperature profile within the
reactor is determined by the specified inlet and outlet temperatures. Using this approach, the
reactor sensitivity to coolant can be eliminated. The inlet stream is fed at 538 K, and gases
are cooled down to 313 K after leaving the reactor so that methanol can be separated from the
effluent by a two-phase separator. The remaining unreacted gases are compressed and looped
back to the inlet of the reactor. The recycle stream is partly purged with a purge gas to avoid
the formation of an inert atmosphere in the loop. Herein, industry standard of recycle ratio
(i.e., the ratio of recycle gas to fed syngas) between 3:1 and 7:1 is adopted, and the purge gas
is set as 1.0 mol % of the recycle stream. The recycle function in Aspen HYSYS is tuned in
terms of sensitivity by setting sensitivity to flowrate as 1, composition as 0.1 and enthalpy as
0.1 to ensure the accuracy by avoiding any major change on the parameters. The catalysts and

reactor dimensions in the study follow those reported by Chen et al. [40], and they are listed
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in Table 2. The pressure drop across the reactor is fixed to be 3.3 bar. By adjusting the size of
the reactor, a daily methanol production of 1500 ton is achieved, which represents typical
values of a medium-scale plant. It is noted that the stoichiometric ratio of syngas, A, defined

in Eq. (4) has an optimal value of 2 when used for methanol synthesis.

4= (Nn2 — Nco2) / (Nco + Ncoz) (4)
where N denotes the number of moles of each species. For CO, hydrogenation, the amounts
of the feed stocks (flue gas and H,0) are adjusted to match the required 1 = 2, whereas for the
case of high temperature co-electrolysis, the amounts of water and flue gas supplied to the
cell are adjusted to obtain a 4 value of 2. In the reactor, two methanol production reactions
(Egs.(5) and (6)) and a reverse water gas shift (RWGS) reaction (Eq. (7)) generally take place

and thus they are taken into account [36]

CO; (g + 3Hyg < CH30H() + H,0( AH =-87 k] mol™ (298 K) (5)
CO() + 2Hzq <> CH3OHg AH =-128 k] mol™ (298 K) (6)
CO) + H20( > COzq + Hag AH =+41 kJ mol™ (298 K) (7

The kinetics of the above reactions have been modelled by Bussche and Froment [41] as

follows
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where r is reaction rate, A, B and ki.s are kinetic model constants, p is partial pressure, Keq is
equilibrium constant, R is molar gas constant (8.314 J mol™® K™) and T is temperature. The
model by Bussche and Froment has already been widely adopted in previous studies on
process simulation [36, 42], and thus is used here. Egs. (8)-(12) are modified following the
method detailed elsewhere [36] before implementing in Aspen HYSYS. Table 3 shows the
Kinetic parameters.

The methanol purification is modelled in two steps which are a flash drum operating at 2
bar and a distillation column. Most of gases are released from the flash drum and then they
enter a distillation column with 32 stages. The purification unit is able to reach a methanol

purity of 99.5 wt.%. The reflux ratio is adjusted to determine the required cooling duty.

2.2.4. SOEC unit
There are three reactions occurring in an SOEC for water/CO, co-electrolysis, i.e., water
electrolysis, CO, electrolysis and RWGS [43-44]. During the operation, water and CO, are

reduced to H, and CO at the cathode via reactions (13) and (14), respectively.

Cathode: H,0 + 2" > H, + 0% (13)
CO,+2e > CO + 0~ (14)
The produced oxygen ions (O%) transport through a solid oxide electrolyte (e.g., yttrium-

stabilised zirconia, YSZ) to the anode, where they lose electrons to form O,
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Anode: 20% > 0, + 4¢” (15)

The overall reaction is written as

Overall: CO;+H,O0 > CO+H;+ 0, (16)
Apart from the above electrochemical reactions, the RWGS reaction described in Eq. (7) also
takes place in the cathode due to the presence of Ni catalysts in the electrode.

The SOEC unit modelled here is composed of a number of SOECs in stacks, and it is
assumed to be operated isothermally at 1073 K. Water and CO, are supplied as the input
streams together with a recycle stream exiting from the unit. The recycle stream contains H,
and CO, which creates a reducing environment at the cathode to avoid undesired oxidation
reactions [45]. The reactants mixture is heated up to the cell temperature (i.e., 1073 K), and
passes an equilibrium reactor where a chemical equilibrium among the species including CO,
CO,, H,O and H; is attained. The resultant equilibrium mixture is supplied as a cathode
reactant to the SOEC unit for syngas generation. For the oxygen evolving anode, no sweep
gas is applied in this study in view of a higher thermal efficiency under the non-swept
condition [45].

As electrolysers are not a standard HYSYS component, a custom model of electrolysers
developed in the literatures [26, 46] is employed for the modelling of the SOEC unit. The
initial values of the amounts of CO, and water are firstly set by assuming a daily methanol
production of 2000 ton from reaction (5). With these initial values, the amount of O,
generated by reaction Eq. (16) can be calculated using HYSYS based on 100% conversion of
CO; and water. Using Faraday’s law, the number of cells in the SOEC unit can be estimated
from the calculated O, amount. However, a steam utilisation above 90% is unrealistic due to
localised steam starvation. Maximum utilization efficiencies were recently reported to be 77
% and 76% respectively for the steam and CO, [47]. Thus, it is reasonable to assume that

both the steam and CO; in this study have utilization efficiency of 70%. Once the number of
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cells is calculated, it is used as an input parameter to the model. The number of cells is then
altered until the prescribed conversion rate of 70% is achieved. The electrical power required

by the SOEC unit is written as

W = Vopl = Vop Xi xAce” (17)
where Vo is the average cell voltage during operation, | is the total current, i is the current
density and Acen is the total active area in the SOEC stack. The value of V, can be expressed

as a function of the current density [26, 46]

Vop =V, +i-ASR (18)
In the above equation, \Kand ASR respectively denote the mean Nernst potential of the cell

and the mean area specific resistance of the SOEC stack, which depend on the species

concentrations and temperature in the stack [26]

_ RT RT 19
Vy :_0-5( 4FR Inpo, & + _4FP In pOz:Pj
ASR = ASR® —0.462 +3.973x10°° eXp[loiﬁJ (20)

where the subscripts R and P denotes reactant gas and product gas, respectively. ASR in Eq.
(20) is the mean area specific resistance of the SOEC stack at 1100 K, and a typical value
from solid oxide fuel cell stacks (which share the same hardware with SOEC but operate in a
reverse process ) is adopted here [45].

The enthalpy change across the SOEC converter and a second shift reactor is reported as
the extra heat required for the reaction after subtracting the electrical power of electrolysis.
The required heat of reactions includes both the electrical and thermal energies. Table 4
summarizes the parameter inputs for the SOEC model. The present design of SOEC unit

allows for a methanol production of 1525 ton per day.

12



2.2.5. Waste heat recovery unit

The steam generated with the heat removed from the methanol synthesis reactor is passed
to a turbo-expander for further electricity production. Fig. 3(a) shows the electricity
production process, which is accomplished by a boiler and a pump that increases the pressure
of the water fed to the boiler to 40 bar. In addition, energies are also recovered from the
combustible emissions, which mainly come from (i) the methanol recycle loop purge gas, (ii)
the flash vessel and (iii) the methanol distillation column. As depicted in Fig. 3(b), the
emissions from the above three sources are firstly combined together and sent to a conversion
reactor where they are combusted. It is assumed that 85 % of the emissions are burnt out. The
produced heat is used to generate low-pressure steam, which is then used in a Rankine cycle

for electricity generation.

2.3. Heat integration and energy demand

The heat integration is performed using pinch analysis to determine the minimum heating
and cooling utilities required by each process. By doing this, heat recovery and utilisation can
be maximized through exchanging the heat between cold and hot streams instead of
introducing extra heat. The minimum requirement of heating and cooling utilities is
calculated from the minimum temperature difference between the hot and cold streams
(ATmin) by the AEA. As mentioned, the spent utilities can be used to generate electricity
through the Rankine cycle. It is noted that the medium pressure steam produced on the shell
side of the methanol synthesis reactor is not included here as a utility. For each of the
processes, two different scenarios are considered when doing the pinch analysis: (i) an
integrated scenario where energy exchange is allowed among all the streams, and (ii) a

segregated scenario where each sub-process runs independently and no energy exchanges
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between them. The second scenario is modelled because it eliminates the dependence of one

sub-process on another and can be advantageous during start-up.

3. Results and discussion
3.1. Heat integration
3.1.1. Methanol production from CO, hydrogenation

Figs. 4(a) and (b) respectively show the composite curves and the grand composite curves
for the process of methanol production from CO, hydrogenation under the integrated
scenario. Fig. 4(a) indicates that there is a process to process pinch point at 384 K. According
to Fig. 4 (b), the minimum hot and cold utilities required under this scenario are 122.3 MW,
and 281.1 MWy, respectively. For the segregated scenario, the sub-processes of carbon
capture and methanol production are treated as two independent processes. Figs. 4(c) and (d)
respectively plot the composite curves and the grand composite curves for the carbon capture
process, and Figs. 4(e) and (f) gives those curves for the methanol production process. By
summing up the values of the two independent processes, the total minimum amounts of
heating and cooling required by the segregated scenario are 142.1 MWy, and 301.1 MWy,
respectively.

The HEN is optimized for the integrated scenario in Fig. 5(a), which includes 8 process-
process heat exchangers (white matches), 11 heat exchangers with cold utilities (blue
matches) and 6 heat exchangers with hot utilities (red matches). The total surface area for
heat exchange is 4.0 < 10* m?. With the optimal HEN, the heating and cooling utilities are
reduced by 50% and 31%, respectively. In the segregated scenario, the HEN is optimized
separately for the carbon capture and methanol production with the results shown in Figs.
5(b) and (c). According to Fig. 5(b), there is only one heat exchanger in the carbon capture

process. The remaining heating and cooling requirements are supplied by the utilities

14



resulting in the use of 5 heat exchangers with cold utilities and 2 heat exchangers with hot
utilities. Though three heaters are installed in our original design of the hydrogenation
process in Fig. 1(b) to reduce the CO, temperature among the stages of compression, these
streams (H3, H4 and H5) are not useful for heat exchange due to the low loads and lack of a
receiver for those loads. They eventually become a heat sink to the cold utility. The
segregated scenario shows a reduction of 42.6% in heating and 26.3% in cooling utilities after

optimization, which is achieved by a heat exchange area of 4.2 x10* mZ.

3.1.2. Methanol production based on a high-temperature SOEC unit

The composite curves and the grand composite curves for the production of methanol
based on the high-temperature electrolysis are shown in Fig. 6. Under the integrated
scenario, the composite curves in Fig. 6(a) indicate that there are multiple pinch points at 313
K, 376.9 K and 400.8 K, respectively. According to Fig. 6(b), the minimum amounts of
heating and cooling utilities under this scenario respectively are 112.5 MWy, and 156.5
MW;,. For the segregated scenario where the sub-processes of carbon capture, co-electrolysis
and methanol production are independent of each other, the composite curves and the grand
composite curves are plotted for each different process in Figs. 6(c) - (h). It is seen from the
figures that the total amounts of heating and cooling utilities under the segregated scenario
are 207.5 MWy, and 251.5 MWy, respectively.

Fig. 7(a) shows an optimized HEN for the integrated SOEC-based process. There are 55
heat exchangers between the processes and utilities. With the optimal HEN design, the
heating and cooling utilities can be reduced respectively by 67.3% and 59.7% compared with
the original design in Fig. 2. For the segregated scenario, the HENSs are optimized separately
for the processes of carbon capture, high-temperature electrolysis and methanol production,

as shown in Figs. 7(b), (c) and (d), respectively. Summing up the heating and cooling utilities
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required by the three optimized processes can result in heating and cooling utilities 39.7%

and 35.2 % lower than those of the non-optimized process.

3.2. Comparison of energy requirements

The energy requirements of the different CO,-to-methanol processes are analysed and
compared. It is noted that there is no difference between the electricity consumption under
integrated and segregated scenarios because the heat integration is only performed to the hot
and cold streams. Fig. 8(a) compares the demands of different forms of energy in the
hydrogenation process under different scenarios. For both the integrated and segregated
scenarios, the demands of electricity are found to be much higher than those of heating and
cooling. This is attributed to the high electricity requirement by the water electrolysis. Only
slight difference is observed between the two scenarios in heating and cooling requirements.
There is only one high-grade stream (i.e., methanol reactor effluent) which supplies heat to a
number of cold streams. Due to the large heat requirement of carbon capture and methanol
synthesis, the stream can be fully utilised regardless if the case is integrated or not. Fig. 8(b)
shows the demands of different types of energy in the SOEC-based process. Compared to the
hydrogenation process, the SOEC-based process requires much more heating energy but has
lower electricity demand. This is due to the high operating temperature of the co-electrolysis.
Under the integrated scenario, the heating and cooling utilities are respectively reduced by
15% and 37% in comparison with those in the segregated scenario.

The overall energy consumption of the two processes is compared in Fig. 8(c). In both the
integrated and segregated scenarios, the hydrogenation process requires more energy, which
nearly doubles the SOEC-based process. It is found that 93% of the total energy demand for
the hydrogenation process is contributed by the water electrolysis. If the heat recovery from

the steam is considered, the overall energy requirements of both processes can slightly
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decrease. As shown in Fig. 8(d), the energy consumption of the production of 1 ton methanol
decreases from 91.0 to 88.7 GJy, if the steam is used as a heating medium for the integrated
hydrogenation process, and from 48.2 to 45.4 GJy, for the integrated SOEC-based process.
The energy efficiency of different processes, 7, defined as the ratio of energy output to

energy input, is evaluated using the following equation [45]

LHVe0n N meon (21)

7= ZiYRQin + Zi,R N LHV o

where LHV is lower heating value, Qjn is the heat input to the system. The energy efficiencies
of the hydrogenation and SOEC-based processes are compared in Fig. 8(e). The SOEC-based
process doubles the energy efficiency of hydrogenation process no matter how the waste
energy is utilized. This reflects the huge percentage of electricity required for water
electrolysis which when converted to thermal energy results in higher denominator of Eq.

(21).

3.3. Comparison of carbon emissions
Carbon emission is another important aspect when evaluating a production process. The

CO; equivalent can be evaluated using the following equation [48,49]

Mnet = Mhysys + Melec + Miherm — Mpp (22)
where m is mass of CO,. The subscripts net, hysys, elec, therm and pp respectively are the net
CO; release, CO; release from the HYSYS model, CO, release from the electricity, CO,
release from the thermal energy demand, and CO; release from the power plant. Fig. 9
compares the CO, equivalents emitted from the two different CO,-to-methanol processes.
The power required to drive the two eTL processes is considered to be sourced from four

different energy sources including coal, natural gas, solar PV and onshore wind. According to
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the figure, the hydrogenation process results in higher CO, emissions when gas combined
cycle and coal are used for energy supply. With renewable energy sources such as onshore
wind and solar energy, however, the hydrogenation process generates more negative CO,
emissions. This is due to the fact that both the gas combined cycle and coal-based electricity
lead to a high CO, release, and the electricity is responsible for over 90% of the total energy
consumption of the hydrogenation process. On the other hand, the renewable energies
correspond to lower CO, emissions, which give more negative net release of CO,. Compared
to the carbon emission of the conventional fossil-fuel-based methanol production which was
reported to be 0.79 kg CO..eq kg CH3;OH [49], the net CO, emissions of these eTL
processes are lower only if relying on renewable energies. The eTL processes can cause
severer carbon emissions than the conventional methanol production process if natural gas or

coal are used as energy sources.

4. Conclusions

In this study, two CO,-to-methanol conversion processes, i.e., production of methanol by
CO; hydrogenation and production of methanol based on high-temperature CO, electrolysis,
are simulated using Aspen HYSYS. With the AEA, HENSs are optimized and minimal energy
requirements are determined for the two different processes. The two processes are compared
to each other in terms of energy requirement and climate impact. It is found that the
production of methanol based on high-temperature electrolysis leads to a much lower energy
demand than the hydrogenation process. The energy efficiency of the electrolysis-based
process is 41%, which almost doubles that of the hydrogenation process. The hydrogenation
process can produce more CO, when fossil fuel energy sources are used, but result in more

negative CO, emissions with renewable energies. Both of the eTL processes outperform the

18



conventional fossil-fuel-based methanol production process in reducing net CO; generation

only if the renewable energy sources are implemented.
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Nomenclature

A kinetic model constant

B kinetic model constant (J mol™)

A total active area in SOEC stack (m?)

ASR  mean area specific resistance of SOEC stack (Q cm?)
F Faraday constant (96485 C mol™)

I total current (A)

i current density (A m™)

Keg  equilibrium constant

k kinetic model constant as a function of A and B

LHV lower heating value (J mol™)

m mass (kg)
N number of moles of species (mol)
p partial pressure (bar)

Qin  heat input to the system (J)
R molar gas constant (8.314 J mol™* K™*)
r reaction rate (mol kgea* s7)

T temperature (K)
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Vn mean Nernst potential (V)
Voo average cell voltage during operation (V)
W electrical power required by SOEC (W)

Greek letters

n energy efficiency
A stoichiometric ratio of syngas
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List of tables

Table 1. Operating conditions of the carbon capture unit.

Parameter Unit Value
Absorber pressure bar 1.2
Feed stream temperature to absorber K 313
Regeneration column pressure bar 1.9
Condenser temperature in regeneration column K 317
Number of stages of absorber - 10
Number of stages of stripper - 6

MEA loading - 0.35
MEA circulation rate kmol h™ 145400
MEA concentration - 0.25
CO; removal efficiency - 0.95
Flue gas rate kmol h™ 19000 for the hydrogenation

17580 for the HT SOEC

Table 2. Characteristics of the reactor and catalyst for the methanol synthesis.

Parameter Unit Value
Reactor length m 7
Reactor tube diameter ~m 0.04
Number of tubes - 1620
Catalyst particle shape - Cylinder
Catalyst diameter mm 5.4
Catalyst particle height mm 5.2
Catalyst particle density kg m™ 1190
Void fraction of bed - 0.285
Heat transfer coefficient Js'K'm® 118.44

Table 3. Parameters for the kinetic model.

Index A B/J mol™
1 1.07 38500

2 3453.38 -

3 0.499 17197

4 6.62 <10 124119
5 1.22 x10* -97900

Table 4. Parameter input for the modelling of the SOEC system

Parameter Unit Value Source

i Acm? 0.25 [45]
Acel cm® 225  [45]
ASR° Qcm® 025 [45]
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List of figures

Figure 1 Methanol production from CO, hydrogenation: (a) block flow diagram and (b)
process flow diagram.

Figure 2 Methanol production based on a high-temperature SOEC unit: (a) block flow
diagram and (b) process flow diagram.

Figure 3 Process flow diagram showing waste heat recovery from (a) the steam generated in
the methanol synthesis reactor and (b) combustible emissions.

Figure 4 Network energy of the CO, hydrogenation process. (a) Composite curves for the
integrated scenario. (b) Grand composite curve for the integrated scenario. (¢) Composite
curves for carbon capture in the segregated scenario. (d) Grand composite curve for carbon
capture in the segregated scenario. (e) Composite curves for methanol synthesis in the
segregated scenario. (f) Grand composite curve for methanol synthesis in the segregated
scenario.

Figure 5 HEN diagram for methanol production from CO, hydrogenation generated by
Aspen AEA: (a) the integrated scenario, (b) carbon capture in the segregated scenario and (c)
methanol synthesis in the segregated scenario.

Figure 6 Network energy of the SOEC-based process. (a) Composite curves for the
integrated scenario. (b) Grand composite curve for the integrated scenario. (¢) Composite
curves for carbon capture in the segregated scenario. (d) Grand composite curve for carbon
capture in the segregated scenario. () Composite curves for high-temperature electrolysis in
the segregated scenario. (f) Grand composite curve for high-temperature electrolysis in the
segregated scenario. (g) Composite curves for methanol synthesis in the segregated scenario.

(h) Grand composite curve for methanol synthesis in the segregated scenario.
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Figure 7 HEN diagram for SOEC-based methanol production generated by Aspen AEA: (a)
the integrated scenario, (b) carbon capture in the segregated scenario, (c) high-temperature
electrolysis in the segregated scenario and (d) methanol synthesis in the segregated scenario.
Figure 8 Energy requirements for heating, cooling and electricity under the integrated and
segregated scenarios in the methanol production by (a) CO, hydrogenation and (b) high-
temperature CO; electrolysis. Comparison of total energy requirements of the two different
CO,-to-methanol processes when (c) the steam is used for electricity generation and (d) the
steam is used as a heating medium. (e) Comparison of energy efficiencies of different CO-
to-methanol process. A thermal-to-electricity efficiency of 60% is assumed when calculating
energies.

Figure 9 Comparison of global warming impacts of methanol production by the different

eTL processes.
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Fig. 3.
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