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Abstract 

Due to decreasing supplies of fossil fuels and increasing environmental pollution, the 

introduction of a more fuel efficient electrical power system in aircraft applications is 

necessary. One possibility to improve the efficiency is to run the auxiliary power unit 

(APU), which provides electric energy on airplanes, with an efficient proton exchange 

membrane fuel cell system (PEMFC). The hydrogen for this concept can be provided 

by partial catalytic dehydrogenation (PCD) of Jet fuel stored on-board. The difference 

of this alternative thermochemical catalytic process to the more common reforming 

process is that no water is needed as a reaction partner. Therefore, no carbon monoxide 

is generated, which would poison the catalytic membrane in PEMFC. Other than 

gaseous hydrocarbons, no gaseous side products are expected. Beyond that, a high 

hydrogen purity of 98 vol.-% can be achieved. The partial conversion of jet fuel of about 

10 to 15 % allows further use of the converted fuel in combustion processes on board. 

Since the composition of kerosene is very diverse, suitable reaction conditions for a 

process concept of the PCD of kerosene Jet A-1 have to be defined and the efficiency 

of the process has to be evaluated.  

In this thesis, two different process concepts for PCD of jet fuel are developed and their 

efficiency is evaluated by process simulation. One process concept is designed to run 

with regular kerosene Jet A-1, which involves a desulfurization step of the jet fuel 

before the PCD to reduce catalyst deactivation by sulfur poisoning. Since the sulfur 

containing components in Jet A-1 are found in the higher boiling range of kerosene, 

the desulfurization is accomplished by thermal distillation of desulfurized Jet A-1 

fractions by rectification. The second concept is designed to run with desulfurized 

kerosene which differs in its chemical composition from regular Jet A-1.  

The first part of this thesis deals with the experimental characterization of the fuels. As 

the hydrogen yield, conversion of the fuel and product compositions highly depend 

on the composition of the hydrocarbon groups in kerosene, the detailed chemical 

composition of kerosene Jet A-1 was investigated and model components have been 

defined. These model components represent the hydrocarbon groups in the Jet fuel 

and they can be used for the design of model mixtures to experimentally investigate 

hydrogen yield, product composition, conversion rates, stability of the catalytic 

reaction and the reaction conditions. The catalyst used for the experimental 

investigation is platinum with tin on an aluminum oxide carrier.  

The experimental results using the model components show, that the hydrocarbon 

group of cycloalkanes leads to high hydrogen yield and stable reaction conditions. On 
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the other hand, n-alkanes lead to catalyst deactivation by carbon formation on the 

catalyst surface and side reactions, thus causing a decline of hydrogen purity of the 

product gas by evolution of gaseous hydrocarbons. In a next step, the previously 

defined reaction conditions from the model mixture tests are applied to real kerosene. 

Due to the content of long chain hydrocarbons of up to 22 carbon atoms causing 

catalyst deactivation by carbon formation, the stability of this reaction is strongly 

reduced in comparison to the model mixtures. So far, a more suitable catalyst for more 

stable process conditions does not yet exist. 

In the second part of the thesis, the experimental results of the model components and 

model mixture are used for modelling the two process concepts for PCD in the process 

simulation. To achieve the highest possible system efficiency, a heat and material 

integration of the two process concepts is accomplished within the process simulation. 

For the definition of the system efficiency, the hydrogen yield is a key figure since it is 

the output of the process. The electric efficiency of both process concepts includes 

system losses of the fuel cell and product gas conditioning. With the experimentally 

investigated hydrogen yields of the model mixtures, a system efficiency for the process 

concept, including the desulfurization of the Jet fuel, of 17 % is achieved. The process 

concept working with desulfurized Jet fuel has no additional energy demand for the 

desulfurization and achieves for system efficiency a value of 20.7 %.  

To compete with a regular gas turbine APU, with average efficiency of 15 to 18 %, the 

fuel cell APU system provided with hydrogen from PCD of kerosene has to be 

advanced to higher hydrogen yield. This could be accomplished by the development 

of design fuels for aircraft applications which suit PCD conditions and catalyst 

development. The results in this work can provide the boundary conditions for these 

investigations. 
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Kurzfassung 

Der wachsende Bedarf an Technologien zur effizienten Stromerzeugung in der 

Luftfahrt ist der Verknappung fossiler Energieträger und der zunehmenden 

Umweltbelastung durch Verbrennungsschadstoffe geschuldet. Eine Möglichkeit der 

effizienten Stromerzeugung besteht im Einsatz von Protonenaustauschmembran-

Brennstoffzellen (PEMFC) anstelle des konventionellen Hilfstriebwerks an Bord eines 

Flugzeugs. Der dafür notwendige Wasserstoff kann durch partielle katalytische 

Dehydrierung (PCD) des an Bord verfügbaren Kerosins bereitgestellt werden. Dieses 

thermochemische Verfahren stellt eine Alternative zu den bekannteren 

Reformierungsverfahren dar. Jedoch wird bei der Dehydrierung auf Wasserdampf als 

Reaktionspartner verzichtet. Aus diesem Grund kann kein Kohlenstoffmonoxid 

erzeugt werden, welches im Produktgas die katalytische Membran der PEMFC 

desaktivieren würde. Außer gasförmigen Kohlenwasserstoffen sind keine weiteren 

Nebenprodukte im wasserstoffreichen Produktgas zu erwarten. Nach der Reaktion 

kann eine Wasserstoffreinheit von 98 vol.-% im trockenen Produktgas erreicht werden. 

Bei der partiellen Dehydrierung wird der Brennstoff zu 10 % bis 15 % umgesetzt und 

kann daher nach der Reaktion weiter in Verbrennungsprozessen an Bord verwendet 

werden. Die Zusammensetzung von Kerosin ist von Herkunft und Charge abhängig 

und kann daher stark variieren. Daher ist es erforderlich geeignete 

Betriebsbedingungen zu bestimmen die eine ausreichende Wasserstoffausbeute bei 

der PCD von Kerosin Jet A-1 ermöglichen und damit die energetische Bewertung des 

Prozess durchgeführt werden kann. 

Im Rahmen dieser Doktorarbeit wurden zwei unterschiedliche Prozesskonzepte für 

die PCD von Flugzeugtreibstoff entwickelt, welche auf ihren elektrischen und 

energetischen Wirkungsgrad mit Hilfe von Prozesssimulation bewertet wurden. Das 

erste Prozesskonzept berücksichtig reguläres, d.h. schwefelhaltiges Kerosin Jet A-1, 

wobei eine Entschwefelungseinheit vor der eigentlichen PCD eingesetzt wird, um eine 

Deaktivierung des Dehydrierungskatalysators durch irreversible Bindung mit 

Schwefel zu vermeiden. Die schwefelbehafteten Kohlenwasserstoffkomponenten im 

Kerosin sind überwiegend im höhersiedenden Bereich des Treibstoffs zu finden. 

Deshalb kann die Entschwefelung durch thermische Destillation des Kerosins in einer 

Rektifikationseinheit zu entschwefelten Jet A-1 Fraktionen durchgeführt werden. Das 

zweite Prozesskonzept sieht die Nutzung von bereits entschwefeltem Kerosin vor, 

welches sich in seiner chemischen Zusammensetzung vom regulären Jet A-1 

unterschiedet. 
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Im ersten Teil dieser Arbeit werden die verwendeten Treibstoffe experimentell 

untersucht und charakterisiert. Da die Wasserstoffausbeute, die Konversionsrate des 

Brennstoffs und die Produktzusammensetzung in hohem Maße von der 

Zusammensetzung der Kohlenwasserstoffgruppen im Kerosin abhängig ist, wurde die 

chemische Zusammensetzung der verwendeten Treibstoffe detailliert untersucht. Des 

Weiteren wurden Modellkomponenten definiert, welche die 

Kohlenwasserstoffgruppen des Kerosins repräsentieren. Diese Modellkomponenten 

wurden zu vereinfachten Modellgemischen zusammengeführt, um die 

Wasserstoffausbeute, Produktzusammensetzung, Konversionsraten, die Stabilität der 

katalytischen Reaktion und die Betriebsbedingungen experimentell zu untersuchen. 

Der für die experimentellen Untersuchungen verwendete Katalysator setzt sich aus 

Platin und Zinn zusammen, welche auf Aluminiumoxidträgermaterial aufgebracht 

sind.  

Die experimentellen Ergebnisse aus den Untersuchungen mit Modellkomponenten 

zeigen deutlich, dass die Wasserstoffgruppe der Cycloalkane zu hohen 

Wasserstoffausbeuten und stabilen Reaktionsverlauf führen. Hingegen kommt es bei 

n-Alkanen zur Deaktivierung des Katalysators durch Bildung von Kohlenstoff auf der 

Katalysatoroberfläche. Darüber hinaus führen Nebenreaktionen zur Bildung von 

gasförmigen Kohlenwasserstoffen, welche die Wasserstoffreinheit des Produktgases 

herabsetzen. Im nächsten Schritt wurden die mit Modellgemischen identifizierten 

Betriebsbedingungen für die Untersuchung von realem Kerosin angewendet. Im 

realen Kerosin sind im Vergleich zum Modellgemisch auch Komponenten mit sehr 

langen Kohlenstoffketten von bis zu 22 Kohlenstoffatomen enthalten. Diese 

langkettigen Kohlenwasserstoffatome verursachen verstärkt die Bildung von 

Kohlenstoff auf der Katalysatoroberfläche, welcher zu instabilen Betrieb durch 

Katalysatordeaktivierung führt. Bis auf weiteres steht noch kein Katalysator zur 

Verfügung der einen stabileren Reaktionsfortlauf über die Zeit ermöglicht.  

Im zweiten Teil dieser Arbeit werden die experimentellen Ergebnisse aus den 

Untersuchungen der Modellkomponenten und Modellgemische für die Modellierung 

der beiden Prozesskonzepte in der Prozesssimulation verwendet. Um einen möglichst 

hohen Wirkungsgrad zu erzielen, wird für das jeweilige Prozesskonzept eine Stoff- 

und Wärmeintegration innerhalb der Simulation ausgeführt. Die Wasserstoffausbeute 

ist der Ertrag des Prozesses und daher die Kenngröße für die Definition des 

Wirkungsgrades. Für die Berechnung des elektrischen Wirkungsgrades werden die 

Verluste bei der Produktgaskonditionierung und die Verluste bei der Umwandlung in 

der Brennstoffzelle berücksichtigt. Mit der Einbindung der Wasserstoffausbeute aus 

den Untersuchungen mit Modellgemischen, kann beim Prozesskonzept mit 
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integrierter Entschwefelung des schwefelbehafteten Treibstoffs ein Wirkungsgrad von 

17 % erzielt werden. Dem Prozesskonzept, bei dem bereits entschwefeltes Kerosin 

verwendet wird, entfällt der Energieaufwand für die Entschwefelungseinheit und 

damit kann ein Wirkungsgrad von 20,7 % erreicht werden.  

Um mit einer konventionellen Gasturbinen- APU zu konkurrieren, deren mittlerer 

Wirkungsgrad zwischen 15 % bis 18 % liegt, muss eine Brennstoffzellen- APU, welche 

mit Wasserstoff aus PCD von Jet A-1 betrieben wird, eine ausreichend hohe 

Wasserstoffausbeute vorweisen. Dies kann beispielsweise mit der Entwicklung von 

Designtreibstoffen für Luftfahrtanwendungen, welche den Ansprüchen der PCD 

genügen, erreicht werden. Auch die Entwicklung von geeigneteren Katalysatoren ist 

für diesen Zweck erforderlich. Die Ergebnisse aus dieser Arbeit liefern die 

Randbedingungen für derlei Untersuchungen. 
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1.1. Process Concepts for Fuel Cell APU 1 

1 Introduction 

Today’s transportation systems are challenged with an ever decreasing supply of fossil 

fuels as well as political and social demand for decreasing environmental pollution 

with combustion products. The aviation sector is a rapidly growing industry, whose 

release of combustion products has a high impact on the environment [1]. Next to CO2 

emissions which influence our climate, hazardous air pollutants such as CO, NOx, SOx 

and volatile organic compounds (VOCs) have a direct impact on the atmosphere and 

environment [2] [3]. The ambition to reduce the sources of combustion products 

follows several intermediate and long term developments. The release of SOx from jet 

fuel combustion can be decreased by more strict Jet fuel restrictions. This is leading the 

efforts of fuel desulfurization and the utilization of ultra-low-sulfur kerosene (ULSK) 

with less than 15 ppmw sulfur, instead of the 500 ppmw average today [4], [5], [6], [7]. 

The complete exchange of fossil fuels in aviation could be accomplished by the 

utilization of Fischer-Tropsch-Kerosene, produced from biomass, waste industrial 

carbon sources, or even atmospheric CO2, [8], [9], [10], [11].  

Hydrogen is treated as the cleanest source for energy production by combustion in 

fuel cells, [12], [13]. The introduction of fuel cell systems in aviation for propulsion or 

on board auxiliary power units (APU) promises higher efficiencies, and therefore less 

emissions than state-of-the-art gas turbines [14], [15]. The gas turbine APU is providing 

electric power by kerosene combustion for the aircraft during ground operation. 

Approximately 25 % of the total emissions are produced during ground operations, 

including 86 % of the NOx emissions. In the intermediate term perspective, the 

introduction of a less fuel consuming technology is needed. Hydrogen powered APU 

systems with proton exchange membrane fuel cells (PEMFC) are part of this 

development, [16], [17]. The key challenge is the provision of hydrogen to the APU 

fuel cell system, which could be accomplished by liquid or pressure tanks. This has a 

massive influence on the aircraft construction, safety and weight issues, as they lead 

to a higher fuel consumption, which declines the efficiency of the fuel cell system [18]. 

A different approach is the storage of hydrogen by liquid hydrocarbons [19]. Possible 

reaction systems to provide hydrogen on board from liquid hydrocarbons is steam 

reforming, auto thermal reforming or partial oxidation, [20], [21], [22]. The kerosene 

stored on board can be turned over to a hydrogen rich product gas, which has to be 

cleansed of CO to be provided to a PEMFC. Another promising reaction system is the 

catalytic dehydrogenation of hydrocarbons. In particular, the high selectivity to 

hydrogen production from dehydrogenation of cycloalkanes to aromatic 
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hydrocarbons shows potential to high hydrogen output and product gas purity [23], 

[24], [25]. The advantage of dehydrogenation of hydrocarbons over reforming 

reactions is that no water or oxygen is needed as reaction partner. As a result, no CO 

is generated, which would poison the catalyst in PEMFC. With dehydrogenation of 

liquid hydrocarbons, high hydrogen purity is expected with no other gaseous side 

products other than gaseous hydrocarbons. The jet fuel stored on board contains 

cycloalkanes and other hydrocarbon groups which can be used as hydrogen storages, 

[26]. By partial catalytic dehydrogenation (PCD) of Jet fuel, hydrogen can be provided 

to the fuel cell APU system. Since the hydrocarbons are only partially dehydrogenated, 

the fuel can be still used for further combustion processes.  

The catalyst used for dehydrogenation is usually Pt with a different carrier material, 

which could be γ-Al2O3 with promotors to reduce the acidity of the surface [27], [28], 

[29]. However, Pt catalysts are not resistant to the sulfur compounds in the kerosene. 

The sulfur would lead to catalyst deactivation by the formation of PtS in short period 

of time, which would not be sufficient for a robust APU fuel cell system. Therefore, the 

APU process concept should involve a desulfurization process or even be provided 

with ULSK to reduce catalyst deactivation by sulfur poisoning.  

1.1 Process Concepts for Fuel Cell APU 

In this work, two process concepts are developed, each working with different input 

specifications. The reference concept uses ultra-low-sulfur kerosene (ULSK), which is 

desulfurized kerosene. Fig. 1.1 shows the scheme of the reference concept.  

tank

ULSK
Rn-H

Rz-H, Rn

condenser

H2, CnHm

product gas

Qel

reactor 

FC

CnHm 
gas

100 vol-% H2

purification

 

Fig. 1.1 - process scheme of the reference concept 

For dehydrogenation of a desulfurized kerosene (ULSK), the reference concept 

includes a feed conditioning, where the kerosene has to be pressurized and heated up 

to process conditions. After reaching the reactor where the partial catalytic 

dehydrogenation takes place, the product stream is cooled down and condensed. 

While the condensable products can be reused in combustion for providing the 

enthalpy demand of the system and in the propulsion of the aircraft, the gaseous 
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products are purified by separating hydrogen from uncondensed hydrocarbons. Due 

to the partial pressure of the product gas components, longer chain hydrocarbons are 

still present in the hydrogen rich product gas after condensation. Therefore, 

purification is necessary, as uncondensed hydrocarbons can reduce the efficiency of 

the PEMFC by occupation of the membrane [30]. The purification is accomplished by 

pressure swing adsorption (PSA). The system pressure of the PSA dictates to some 

extent the pressure of the concept, since pressurizing the liquid input stream would 

demand less energy than pressurizing the product gas stream for the PSA. The pure 

hydrogen can be used to run the polymer membrane fuel cell (PEMFC) system. The 

second process concept runs with regular sulfur containing Jet A-1 kerosene, which 

has to be desulfurized by fractionation before reaching the PCD reactor (Fig. 1.2). 

tank

kerosene
R-S, Rn-H

RY-H

R-S, Rx-H
still

Rz-H

condenser

H2, CnHm

product gas

Qel

reactor 
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Fig. 1.2 - process scheme of process concept with fractionation 

The process elements downstream of the dehydrogenation reactor are the same as with 

the reference concept. The difference is made by the kerosene fractionation, where a 

certain percentage of the feed flow is fractionated by a rectification process for 

desulfurization. The choice for fractionation for desulfurization results from the 

investigations made in preparation of this thesis [31]. The desulfurized fraction is 

dehydrogenated in the reactor. The still of the rectification can be reused for 

propulsion, together with the dehydrogenated Jet A-1 fraction. Since only a certain 

mass percentage of the kerosene is used for dehydrogenation, a corresponding amount 

of Jet A-1 has to be distillated in the rectification process. This requires that more 

kerosene, in comparison to ULSK with the reference concept, has to be preheated and 

evaporated for the rectification to achieve the required fraction for the 

dehydrogenation. Therefore, more heat demand is required with the process concept 

with rectification, leading to a reduction of the process efficiency. The integration of 

heat streams is therefore important to reduce the influence of the heat demand of the 

rectification. The total amount of Jet A-1 depends on the mass percentage of the chosen 

Jet A-1 fraction and the hydrogen yield of the dehydrogenation process. 
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Both process concepts are investigated in this work for evaluation of the system 

efficiency. This evolution is accomplished by process simulation, where the heat and 

material integration is designed for both concepts. The PCD of ULSK and Jet A-1 

fractions is studied experimentally. The investigated hydrogen yields are used for 

modeling the PCD reactor in the process simulation. The goal is to provide a statement 

about the potential of PCD of jet fuel for a APU fuel cell system. 

1.2 Catalytic Dehydrogenation of Hydrocarbons  

The composition of kerosene is very complex and contains many different types of 

hydrocarbons, which differ in their chemical structure. The dehydrogenation reactions 

and selectivity to hydrogen is strongly dependent on the hydrocarbon group of a 

kerosene component. This complexity is a challenge when it comes to reaction 

simulations in a complex mixture. In order to identify possible product composition 

and hydrogen yield dependent on specific hydrocarbons composition of the kerosene, 

the different hydrocarbon groups have to be investigated separately. In general the 

dehydrogenation of hydrocarbons is an endothermic reaction with increasing amount 

of substance (mol), Eq (1.1). 

catalytic 

dehydrogenation: 
mnHC ⇄ 2x2mn xHHC   0HR   (1.1) 

The thermodynamic equilibrium constant K for the component i is calculated by the 

van’t Hoff equation (Eq. 1.3), which is derived from the Gibbs standard enthalpy  of 

reaction
0
RG  (Eq. 1.2) with T0=298.15 K and p0= 1 atm. For different reaction 

temperatures and with the heat capacity 0
i,pc , the reaction enthalpy )T(H0

R  is 

calculated by Eq. (1.4). With the endothermic reaction, the equilibrium constant K is 

increasing with increasing temperature. 

Gibbs standard enthalpy of 

reaction 
KlnRT

f

f
lnRTG

i
0
i

i0
R

i









 



 (1.2) 

van’t Hoff equation 2

0
R

RT

)T(H

dT

Klnd 
  (1.3) 
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standard enthalpy of reaction 

T

T

0
i,pi0

0
R

0
R

0

dTc)T(H)T(H  (1.4) 

fugacity iii pf   (1.5) 

For ideal gas law, the fugacity coefficient is 1i   (Eq. (1.5)), which leads to a 

decreasing conversion rate in the gas phase reaction of the educt with increasing 

partial pressure pi and increasing number of molecules on the product side [32], . 

Dependent on the component, the thermodynamic equilibrium conversion differs 

strongly. The process simulation tool Aspen plus provides databases of physical 

properties for an extensive number of hydrocarbons. Fig 1.3 presents the calculated 

equilibrium conversion of different components, which represent hydrocarbon groups 

contained in kerosene by variation of the reaction temperatures. 

 

 

 

 

 

 

 

Fig. 1.3 - thermodynamic equilibrium conversion of hydrocarbons in Jet fuel over temperature 

variation at 1 bar pressure 

As expected, with increasing reaction temperature the equilibrium conversion of any 

hydrocarbon is increasing. The components decalin and methylcyclohexane, which 

belong to the hydrocarbon group of cycloalkanes show a much higher equilibrium 

conversion at any given temperature than the components which belong to the 

hydrocarbon groups of n-alkanes and iso-alkanes. Kerosene also contains a significant 

amount of aromatic hydrocarbons, but since the aromatic ring cannot further 

dehydrogenate, these components are expected to be rather inactive. Only alkane side 

branches from derivatives of benzene and multi core aromatic hydrocarbons can 

dehydrogenate. As an example, the dehydrogenation of ethylbenzene to styrene is a 

common industrial process, which is operated under vacuum and temperatures 

between 540 to 650°C [33], [34]. Since the process concepts presented in chapter 1.1 are 
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considered to be operated under increased pressure, the equilibrium conversion with 

increasing pressure is of interest. Fig. 1.4 presents the equilibrium conversion of the 

cycloalkane methylcyclohexane and the n-alkane decane at different reaction 

temperatures and variations of pressure from 1 to 30 bar. 

 

 

 

 

 

 

 

 

 

Fig. 1.4 - thermodynamic equilibrium conversion of methylcyclohexane and decane at 

different temperature and pressure 

From the equilibrium conversion under pressure, it can be derived that with increasing 

pressure, the conversion to hydrogen in the PCD of kerosene will decrease. For the 

process concepts, it is of interest to define suitable reaction conditions which achieve a 

high hydrogen output by high conversion rate and also suit the pressure demand of 

the product gas conditioning by PSA. Though, the reaction conditions for the PCD of 

jet fuel cannot be chosen arbitrarily. With increasing temperature, the chemical bonds 

in hydrocarbons are under thermal stress which can lead to cracking and radical 

formation. The gaseous cracking products reduce the product gas quality. Formation 

of radicals enhance carbon formation, which can occupy the catalyst surface and lead 

to temporary deactivation [35], [36]. The investigation of suitable reaction conditions 

for PCD of ULSK and Jet A-1 fractions is a key issue for the evaluation of the process 

concepts. Furthermore, the reaction products and the influence of the hydrocarbon 

groups on each other in the complex mixtures are of interest to the hydrogen output, 

product gas quality and stability of the reaction progress.  

1.3 Objectives of this work 

In this thesis, the partial catalytic dehydrogenation of jet fuel is experimentally 

investigated and evaluated in a process simulation by its system efficiency, 

respectively electric efficiency and potential for the application in process concepts 
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assigned for APU fuel cell systems. In this context, the chemical composition and 

physical properties of ULSK and Jet A-1 have to be analyzed in detail first. Further, the 

chemical composition of desulfurized Jet A-1 fractions from rectification are analyzed 

for the process concept with desulfurization by rectification. The hydrocarbon group 

composition of the fuels is used to develop simplified model mixtures which can 

represent the chemical composition of the analyzed fuels. The model mixtures are used 

both for detailed experimental investigation of the dehydrogenation of hydrocarbon 

groups in kerosene, and their influence on each other. Further, the experimental results 

of the model components and model mixture are used for modelling the two process 

concepts for PCD in the process simulation. 

In the experimental part, the model components and model mixtures are used to 

identify the hydrogen yield, reaction products and possible side reactions, which cause 

cracking leading to a reduced product gas quality and carbon formation, ultimately 

causing catalyst deactivation. Further, the experimental results are used to identify 

suitable reaction conditions for the process concept with rectification and the reference 

concept. By adding sulfur containing components to the model mixtures, the 

experimental results can be compared with the dehydrogenation of real fuels. This 

way, the method of using of simplified model mixtures for evolution of the process 

concept is justified.  

The second part of the thesis deals with the design of the process models for both 

concepts. The conversion rates of the model components in the model mixtures and 

the liquid and gaseous product composition are used to identify simplified reactions 

for reactor design in the process model. The calculated heats of reaction at defined 

reaction conditions are used for the calculation of the heat demand of the 

dehydrogenation reactor. The fuel cell is not part of the simulation but the potential 

efficiency of PEMFC is used to calculate the system efficiency, while the thermal 

efficiency of the process concepts is the efficiency of the pure hydrogen production 

without electric transformation. To achieve the highest possible system efficiency of 

the process, a heat and material integration of the two process concepts is 

accomplished within the process simulation. For the definition of the system 

efficiency, the hydrogen yield is a key figure, as it is the output of the process. For both 

process concepts the system efficiency includes system losses of the fuel cell and 

product gas conditioning. 

With the results of this work, the potential and conditions of the partial catalytic 

dehydrogenation of kerosene for APU fuel cell system can be estimated in comparison 

to a common gas turbine APU. Furthermore, the requirements of the jet fuel for 

sufficient hydrogen output from dehydrogenation is provided.  
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2 Hydrogen Production from Liquid Fuels 

The production of hydrogen from liquid fossil or renewable fuels has the goal to 

provide fuel cell systems with hydrogen for stationary or mobile application. The 

liquid fuel is treated as a carrier and storage for hydrogen, as it is readily available and 

distribution systems already exist. Other possible hydrogen storage systems, 

especially for mobile applications, are pressure or liquid hydrogen tanks, metal 

hydrides, or liquid organic hydrides, which have the highest volumetric storage 

capacity for hydrogen [19], [37], [38], [39]. The research on hydrogen production from 

liquid fuels concentrates on mobile applications for propulsion, or APU systems where 

the fuel can be stored on board [40], [41]. Sources of renewable fuels for hydrogen 

production are Fischer-Tropsch- diesel or kerosene and Bioethanol for street vehicles 

or aviation. The production and utilization of synthetic fuels which can be designed 

for the specific purposes is still in progress. [42], [43], [40]. Therefore, the intermediate 

goal of fuel efficient systems utilizing fossil fuels is also part of the development.  

The most common processes for hydrogen production from liquid fuels are steam 

reforming, partial oxidation or the combination of both to autothermal reforming. 

Reforming of long chain hydrocarbons is usually performed with different types of 

catalysts, but plasma induced steam reforming is also researched [44]. All three 

processes have in common that a hydrogen rich product gas can be produced, which 

has to be conditioned and cleaned of CO before use in PEMFC. The process of 

dehydrogenation has been common in industrial crude oil production for increasing 

octane rating of the fuels by increasing the content of aromatic hydrocarbons [45]. 

Other dehydrogenation processes are directed at the production of alkanes as 

preparation for polymer production. The development of dehydrogenation for the 

goal of hydrogen production is in the development stage and mostly directed at liquid 

hydrogen carriers. In chapter 2.1 to 2.3, a brief review of state of the art and state of 

development processes of hydrogen production from liquid fuels is presented. 

2.1 Reforming of Liquid Fuels 

The reforming of liquid fuels is a catalytic thermo-chemical process. The hydrocarbons 

of fuel are reacting with steam and/or oxygen to a hydrogen rich product gas and can 

be converted completely. Other gaseous products are CO2, CO, CH4 and H2O. 

Depending on the reforming process and the defined reaction conditions, the 

concentration of hydrogen and other gaseous products vary. With steam reforming 

with water vapor, an endothermal reaction, a hydrogen concentration of 55 vol.-% up 
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to 75 vol.-% can be expected. With exothermal partial oxidation, about 25 vol.-% of 

hydrogen can be expected with liquid fuels [46], [47]. The combination of both 

processes is the autothermal reforming, with an expected hydrogen concentration of 

40 vol-%. All three processes have in common that carbon and soot formation can lead 

to catalyst deactivation by occupation of the actives sites. A reaction leading to carbon 

formation is the Boudouard-reaction, which as a dissociation of CO. Another reaction 

is methane cracking, which is leading to hydrogen evolution and carbon deposit [48]. 

The reaction equation and standard enthalpy of reaction 0
RH  (T0=298 K, p0=1 atm) 

are presented in Eq. (1.6) – (1.7)  

Boudouard-reaction: CO2 ⇄ 2COC   mol/kJ172H0
R   (2.1) 

methane cracking: 4CH ⇄ 2H2C  mol/kJ75H0
R   (2.2) 

At temperatures above 700°C, methane cracking is leading to the formation of carbon 

deposits. With decreasing temperature, the Boudouard-reaction is the cause of catalyst 

deactivation by soot formation [49]. The most common catalysts used for all three 

reforming processes are Ni, Pt, Ru, Pd, Rh on different types of support but mostly γ-

Al2O3. Different type of promoters, as an example K or Na, and second metal catalyst, 

which could be Co or Mo are used to decrease the formation of carbon and increase 

sulfur resistance in case of fossil fuel feed streams [50], [51]. Hereafter, the three 

reforming process are described briefly. 

Steam Reforming 

The conversion of long chain hydrocarbons with steam to synthesis gas is usually 

accomplished at a reaction temperature of 700°C to 850°C and atmospheric pressure. 

It is an endothermic reaction and needs an external heat source [52]. The steam 

reforming reaction (Eq. (2.3)) is accompanied by two other reactions which occur 

simultaneously.  

steam 
reforming: 

OnHHC 2mn   ⇄ 2H
2

m
nnCO 








  0HR   (2.3) 

methanation: 2H3CO ⇄ OHCH 24   mol/kJ10.206H0
R   (2.4) 

water-gas-shift: OHCO 2  ⇄ 22 COH   mol/kJ15.41H0
R   (2.5) 

The methanation reaction (Eq. 2.4)) consumes hydrogen and can be suppressed to 

some extent by a sufficient steam to carbon ration S/C of 2.5 to 6, which depends on 

the optimization for the type of feed [53]. The second simultaneous reaction is the 

water-gas-shift reaction WGS (Eq. 2.5)). To increase the hydrogen output, the steam 
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reforming reactor is followed by a second WGS reactor, which is operated at two stages 

with high temperature WGS of up to 550°C and a low temperature WGS of up to 250°C. 

The hydrogen concentration can be increased with this operation mode by up to 80 

vol.-% [54], [55]. To remove CO completely from the product stream, further gas 

conditioning is needed. Pressures swing adsorption PSA, membrane process, 

preferential methanation and catalytic partial oxidation of CO are common processes 

to remove CO from hydrogen rich product gas [56], [57], [58], [59], [60]. 

Partial Oxidation 

The understochiometric combustion or partial oxidation POX of long chain 

hydrocarbons can be accomplished in two different ways The thermal partial 

oxidation TPOX is carried out without a catalyst with sulfur containing fuels at 

reaction temperatures above 1200°C. The catalytic partial oxidation CPOX is used at 

reaction temperatures from 900°C to 1000°C [43], [48], [61]. The hydrogen 

concentration depends on the chosen carbon to oxygen ratio C/O<0. Eq. (2.6) presents 

the reaction equitation for both types of POX. 

partial oxidation: 2mn O
2

n
HC  ⇄ 2H

2

m
nCO 








  0HR   (2.6) 

For product gas conditioning, the CPOX reactor can be followed by a WGS reactor to 

achieve higher hydrogen concentration and reduce CO for fuel cell application [57]. 

Autothermal Reforming 

The combination of steam reforming and POX is the autothermal reforming. The heat 

demand for the steam reforming reaction is provided internally by an 

understochiometric supply of oxygen to the feed. The overall reaction equation of 

autothermal reforming is shown in Eq. (2.7) 

autothermal 

reforming: 
OH)x2n2(xOHC 22mn  ⇄ 2H

2

m
nCO 








  0HR   (2.7) 

The reaction is obtained at a temperature of 850°C to 900°C. The methanation reaction 

and WGS reaction are also part of the reaction system. The same as with the other two 

reaction systems, CO has to be removed from the product gas with a WGS reactor stage 

and further gas conditioning [52].  

2.2 Industrial Process of Catalytic Dehydrogenation of Hydrocarbons 

Catalytic dehydrogenation of hydrocarbons in industrial processes has the goal to 

produce specific dehydrogenated hydrocarbons for refinement of fuels, or the 

preparation of hydrocarbons for further process steps, for instance, the production of 
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polymers. The desired product components are alkanes and aromatic hydrocarbons 

[62]. The evolving hydrogen in these industrial processes is a side product, and is 

removed from the product stream. Dependent on the production process, hydrogen is 

recycled in the system to increase hydrogen partial pressure for suppressing carbon 

formation [63]. The dehydrogenation processes are highly endothermic and the heat 

demand of the reaction is either provided externally with burners or by internal 

regeneration of the catalyst. By combustion of the carbon deposit on the catalyst, the 

heat is provided to the reaction in a semi adiabatic process control. The catalyst used 

for these processes is in most cases Pt on γ-Al2O3 with a second metal catalyst Ir, Rh, 

or Re. or as promotor Sn and Ge. Some processes also work with Cr2O3 or Mg and Zn 

[57].  

2.2.1 Catalytic Reforming of Naphtha 

In petroleum refining, the production of high quality gasoline for automobiles requires 

an increased content of unsaturated hydrocarbons and branched alkanes for suitable 

combustion properties. The feedstock naphtha has a content of up to 70 % of n-alkanes 

and a maximum of 20 % of aromatic hydrocarbons. After the catalytic reforming, the 

content of aromatic hydrocarbons is increased up to 60 %. The dehydrogenation of n-

alkanes to aromatic hydrocarbons leads over dehydrocyclization to cycloalkanes. 

Eq. (2.8) presents the reaction equation of dehydrogenation of n-heptane to toluene. 

  dehydrocyclization  dehydrogenation  

167HC  ⇄ 2147 HHC   ⇄ 287 H4HC   (2.8) 

n-heptane  methylcyclohexane  toluene  

The dehydrogenation can also lead to the formation of radical aromatic hydrocarbons 

by carbon deposit on the catalyst surface, which reduces the lifetime of the catalyst. 

An increased hydrogen partial pressure in the system can suppress the formation of 

carbon, but shifts the thermodynamic equilibrium of the reaction to the educts. 

Simultaneously with dehydrogenation, the evolving hydrogen is consumed in the 

hydrocracking reaction. Long chain alkanes are cracked to shorter chain alkanes, 

which increases the gasoline output. Further isomerization leads to an increased 

content of branched alkanes [64]. In Eq. (2.9) the reaction equation of hydrocracking 

with isomerization is presented.  

  hydrocarcking and isomerisation  

22210 HHC   ⇄ 146HC  + 104HC  (2.9) 

n-decane  hexane/isohexane  n-butene  
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The recycling of hydrogen within the process is a compromise between high selectivity 

towards dehydrogenation products and increased life time of the catalyst due to 

declined carbon deposit. The catalytic reforming of naphtha is operated at 500°C and 

at a system pressure between 3.5 to 25 bar. The reactions are carried out in a 

semiregenerative process or in a continuous catalyst regeneration reformer or, as third 

option, in the cycle process [63], [65].  

2.2.2 Production of light Alkenes 

For the production of polymers and rubber, short chain n-alkanes, between three to 

five carbon atoms, are dehydrogenated to n-alkenes. The feedstock is a pure alkane, 

which is dehydrogenated over a catalytic bed. The evolving hydrogen is either 

separated and recycled to reduce carbon formation on the catalyst, or in case of the 

oxidative dehydrogenation, the hydrogen is combusted with air to water and 

separated from the product stream [66]. Eq. (2.10) to (2.11) are presenting the 

dehydrogenation and oxidative dehydrogenation of propane to propene, respectively. 

dehydrogenation: 83HC ⇄ 263 HHC   molkJ4.124H0
R   (2.10) 

oxidative 
dehydrogenation: 283 O

2

n
HnC  ⇄ OHHC 263   

molkJ7.447H0
R 

 
(2.11) 

The dehydrogenation is becoming more important to the chemical industry since the 

development of new processes allowing higher selectivity and less catalyst 

deactivation by carbon formation with a hydrogen partial pressure in the system. In 

the following, the main processes for dehydrogenation of alkanes to alkenes are 

described briefly. The dehydrogenation process is carried out in a temperature range 

between 550°C to 650°C, and a pressure range of 1 to 3.5 bar. Fig. 2.1 presents the 

schemes of the most common industrial processes for the dehydrogenation of light n-

alkanes and the required catalyst.  
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Fig. 2.1 schemes of main industrial processes for the dehydrogenation of light n-alkanes 

The Cartofin process is operated as adiabatic packed bed reactor (top left) .The mode 

of the alternating reactor beds is switched from reaction to regeneration and heating. 

The energy demand for the endothermic reaction is provided by combustion of the 

carbon deposit on the catalyst during regeneration and heating with steam during the 

heat phase. The steam activated reforming is a tubular reactor system, which is 

provided with heat by burners (top right) similar to steam reforming. For regeneration, 

the carbon deposit is combusted with a steam/air mixture. The Oleflex process is a 

continuous catalyst regeneration process (bottom left). The catalytic bed is moved 

through several reactors were dehydrogenation is carried out. Between every reactor 

the catalyst bed is reheated. At last, the bed is regenerated and reheated before it 

reaches the first reactor. Continuous regeneration can also be accomplished in a dual 

fluidized bed reactor system (bottom right). The heat demand of the reaction is 

provided by the heated catalyst bed in the regenerator, which is moved between 

dehydrogenation and regeneration reactor [57], [67], [68], [69]. 

2.3 Catalytic Dehydrogenation for Hydrogen Production 

The research on catalytic dehydrogenation of hydrocarbons for hydrogen production 

focuses on detailed component studies and catalyst development. The research on 

dehydrogenation of specific hydrocarbon components directs on chemical hydrogen 

storage for mobile applications [23]. The hydrocarbon group of cycloalkanes is the 
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most frequently chosen component group for dehydrogenation and hydrogenation for 

storage purposes [70]. The cyclohexane, decalin and its derivate show high conversion 

and selectivity to hydrogen with little carbon formation, and therefore stable reaction 

conditions [71], [72]. Detailed kinetic studies are available for methylcyclohexane and 

decalin, since the number of reactions and products is limited in comparison to other 

hydrocarbon groups for instant alkanes, where many side reactions occur [73], [74], 

[75]. In the doctoral thesis of M. Usman, a simulated process design of an on board 

dehydrogenation system is presented with the complete replacement of gasoline by 

methylcyclohexane [76]. 

Further fields of research for the hydrogen production by dehydrogenation of 

hydrocarbons concentrate specifically on the development and design of the reactor 

and the reaction conditions respectively. Since the dehydrogenation of hydrocarbons 

groups other than cycloalkanes shows complications due to cracking and carbon 

formation, most research concentrates on reactor development and adjustment of 

operation conditions for cycloalkanes. The liquid film type reactors work with low 

reaction temperature in the limits of the boiling range of the tested component. The 

reactors either work in batch mode, where the surface of the catalyst is covered with a 

liquid feed film or by liquid spray of the feed on the hot catalyst surface [77], [78], [79], 

[80], [81] . Those reactors allow mild reaction conditions with pure hydrogen evolution 

but with little conversion, and therefore little hydrogen output. Another reactor design 

which concentrates also on high hydrogen purity but in gaseous conditions and under 

pressure are the membrane reactors. The catalyst is impregnated on palladium 

composite membranes or zeolite membranes. By separating the product hydrogen 

from the feed stream, the reaction equilibrium is shifted to the product side. But due 

to thermal dissociation carbon formation occurs and the permeability of the membrane 

is impaired [82], [83]. The membrane reactor is also tested for the production of 

aromatic hydrocarbons and alkanes with similar complication of catalyst deactivation 

and decline of porosity for hydrogen separation [84], [85]. 

The research on dehydrogenation of other hydrocarbon groups, which are aromatic 

hydrocarbons and alkanes, concentrates on the development of the process, the 

catalysts or reactor design for the production of chemical components for industrial 

processes [86], [87]. The process development of the dehydrogenation of complex 

mixtures as real fuels or model mixtures representing fuels is a new research field. For 

experimental evaluation of the dehydrogenation of hydrocarbon mixtures, the reactors 

are built as catalytic fixed bed reactors under heterogeneous gas- solid conditions. In 

the following, recent research on the dehydrogenation of hydrocarbon mixtures is 

briefly summarized. 
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Wang et al. [26] chose a simplified six component model mixture representing Jet A, 

which is equivalent to European Jet A-1, for experimental dehydrogenation. Although, 

the mixtures have no basis on real fuel hydrocarbon group composition. The chosen 

reaction conditions of 500°C and atmospheric pressure on Pt/ γ-Al2O3 are defined from 

previous experimental evaluation of decalin dehydrogenation. Deactivation of the 

catalyst and formation of gaseous hydrocarbons lead to a reduction in hydrogen yield 

and product gas quality over reaction time. No further research is accomplished for 

detailed product composition or optimization of the model mixture or process 

conditions. Lucarelli et. al. [88], [89] have tested the dehydrogenation of Jet A-1 model 

mixture with 5 model components which also do not refer to any average hydrocarbon 

composition of jet fuel. The main field of research is the development of the catalyst, 

which is Pt/γ-Al2O3 with several different precursors and different preparation 

methods. The surface area of the catalyst was examined after dehydrogenation to note 

any changes due to the occurring reactions. The reaction temperature is varied 

between 350°C and 550°C and system pressure of 5 bar and 10 bar and co-feed of 

hydrogen to decrease catalyst deactivation by carbon deposit. The deactivation of the 

catalyst leads, in spite of the hydrogen co-feed, to a reduction of hydrogen output and 

product gas quality. The conversion of feed components and the content of gaseous 

hydrocarbons was examined but not the product composition. Recycling of hydrogen 

is a method used in refining to extend catalyst life, but the method consumes hydrogen 

and decreases the output and system efficiency of a dehydrogenation concept 

providing a fuel cell systems. Resini et al. and Reyes-Carmona et al. [90], [91] have in fact 

tested the dehydrogenation of real Jet fuel with the objective of catalyst development. The reaction 

conditions are defined with 350°C and 5 bar respectively 450°C and 10 bar and co feed of 

hydrogen to the reactor in both cases. Sulfur poisoning and carbon deposit lead to 

catalyst deactivation and a reduction of hydrogen output.  

In summary, the research done so far on dehydrogenation of complex mixtures 

concentrates on catalyst development. The development of the dehydrogenation 

process or the detailed research of product components and the influence of the 

different feed components on one another is missing, but would also be significant for 

catalyst development. The scope of this thesis is to provide the methods and results 

for the process development of partial catalytic dehydrogenation of kerosene. 
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3 Kerosene 

With over three hundred different detectable components, the chemical composition 

of kerosene is very complex. The jet fuel type used in this work is Jet A-1, which is 

commonly used in aviation in Europe. The properties of Jet A-1 are defined in world 

jet fuel specifications and are mostly physical properties like density, flash point, 

freezing point, viscosity, etc.[92].  

The chemical composition of Jet A-1 varies and depends on the origin of the crude oil 

which it was produced from. Still, the composition of hydrocarbon groups and carbon 

atom number (Cn) are very similar owing to the required physical properties. Some 

chemical specifications are defined, however, as the physical properties of Jet A-1 

depend on them. The content of Alkenes is limited to 2 vol.-% due to their chemical 

reactivity and thermal instability, which reduce the chemical stability during storage 

[93]. The content of aromatic hydrocarbons is limited to 25 vol.-% to avoid soot 

formation during combustion [92]. Since jet fuel is produced from crude oil, it always 

has components containing sulfur. The amount of sulfur allowed in Jet A-1 is 3000 

ppmw. The average content is 500 ppmw. The components containing sulfur are 

usually found in the higher boiling range of kerosene. They are mostly identified as 

aromatic or polyaromatic hydrocarbons. A representative sulfur component is 

dibenzothiopen, which will be used in the experimental work to investigate the 

influence of sulfur on the dehydrogenation catalyst [94]. Due to the negative influence 

of sulfur on the dehydrogenation catalyst, two different Jet fuels are used for the 

different variations of the process concept. The first is regular Jet A-1 with 230 ppmw 

sulfur content, which has to be treated in a desulfurization step before entering the 

dehydrogenation reactor. This desulfurization is carried out as thermal fractionation 

by rectification. Therefore, the sulfur content of the desulfurized fraction depends on 

the fraction distilled for dehydrogenation. The second Jet A-1 used in this work is 

named ultra-low- sulfur kerosene (ULSK), which is already desulfurized during 

refinery production by hydro desulfurization and contains 3 ppmw sulfur. The 

chemical composition differs by 25 to 30 % from the regular Jet A-1, but is still within 

jet fuel specification. 

The jet fuel used in this work is taken from the same batch for all experimental work, 

as the chemical composition is important to the dehydrogenation reaction. The 

chemical complexity of Jet A-1 leads to diverse reactions and products that can appear 

in dehydrogenation. To learn about how the composition of Jet fuel influences the 

hydrogen yield, side reactions and product composition from partial catalytic 

dehydrogenation, a detailed knowledge of the Jet A-1 composition used in this work 
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is necessary. Further, for evaluating the process concept with process simulation, 

dehydrogenation reactions and side reactions have to be introduced to calculate the 

heat demand of the reactor. Therefore, a method for analyzing complex fuel 

composition with gas chromatography is performed. For the detailed evaluation of the 

dehydrogenation reaction, model mixtures of ULSK and fractionated Jet A-1 are 

developed. These model mixtures are used to experimentally investigate the influence 

of specific components groups in fuel on the hydrogen yield and side products, as well 

as to find suitable reaction conditions for the model mixtures and jet fuel. 

3.1 Methodology of Kerosene Analysis 

Kerosene Jet A-1 is a multi- component mixture of different hydrocarbons, with a 

range of carbon chains lengths of 6 to 22. Due to the diversity of the structural formulas 

of the hydrocarbons, the composition of the jet fuel is arranged in hydrocarbon groups, 

which includes cycloalkanes and n-alkanes, iso-alkanes and aromatic hydrocarbons. 

For partial catalytic dehydrogenation of kerosene, it is of interest to know how these 

hydrocarbon groups influence the hydrogen yield, product gas composition, liquid 

products and side products. Therefore, the hydrocarbon composition of the Jet A-1, 

ULSK and desulfurized kerosene fractions are analyzed and arranged into 

hydrocarbon groups. The molar weight, carbon atom number (Cn) and content of 

hydrogen groups are used to identify model components, which then are arranged in 

model mixtures. The analyzing method described in this chapter is also used to 

identify the liquid product composition of the dehydrogenated model components 

and model mixtures experimentally investigated in this work.  

3.1.1 Identification of Kerosene Components 

First, the hydrocarbons are qualitatively identified by gas chromatography with 

quadropol mass spectroscopy (GCMS) (Agilent GC Ultra with Trace DSQ). The 

identification of the hydrocarbons is determined by the comparison of the 

chromatograms of the detected components with the database of the GCMS operating 

software. This analysis was accomplished externally by the Institute of Combustion 

Technology of the German Aerospace Center. In a next step, the same sample is 

analyzed with gas chromatography with flame ionization detector (GCFID) (Shimadzu 

GC  ̶ 2010). Both chromatography systems work with the same coating on the 

chromatography column (Restek Rxi®-5ms). The temperature program of the 

chromatography column and the injection temperature is adapted for both GC 

systems. This allows for a direct comparison of the chromatography spectrum of 

GCMS and GCFID, since the components reach the detector in the same order. The 
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characteristics of the peaks, mean peak height and area are similar within the 

chromatography diagram of each analyzing system. Fig. 3.1 presents the signal 

intensity over the calculated boiling temperature of the components of Jet A-1 and 

ULSK of GCFID analysis. The calculated boiling point temperature is derived from the 

retention time and boiling points of the identified components. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 3.1 - chromatography diagram with GCFID of Jet A-1 and ULSK 

The longer the hydrocarbon chain, and thereby the higher the molar mass of a 

component, the higher the boiling point is. With increasing boiling point, the 

components reach the detector with increasing delay and higher retention time. The 

integral of the intensity of the single component from the FID is the peak area of the 

component. The signal is directly proportional to the carbon atom content of the 

components. The content of alkane components is very prominent in jet fuel. The 

alkane peaks can be used for orientation in the chromatography diagram to identify 

the carbon atom number (Cn) of the components. More components are detected with 

the GCFID which cannot be identified with the information from GCMS as the FID 

detector has a higher sensitivity than the MS detector. Therefore, the discrepancy 

between detected and identified components in GCFID has to be compensated, which 

is explained in chapter 3.2.  
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3.1.2 Calculated Boiling Point Temperature 

For the identification of the boiling point distribution of the jet fuel, the retention time 

of the identified components in the chromatography analysis can be translated to the 

calculated boiling point temperature. This can also be used for better peak separation 

of the chromatography diagram. It is assumed that the boiling point of each 

component can be directly correlated with the retention time of a component. The 

retention time of components reaching the detector is dependent on the molar mass, 

true boiling point and their affinity to the nonpolar chromatography column coating. 

According to the assumption, the boiling point of each identified component can be 

considered as the evaporation temperature of the distillated mass of all components 

up until that evaporation temperature respective retention time. This consideration 

can be used to set up a polynomial function of the true boiling point over the 

equivalent retention time of the identified components. Fig. 3.2 shows the distribution 

of the boiling point temperature of identified components from kerosene and also from 

the product components of dehydrogenated model mixtures.  

 
Fig. 3.2 – boiling point temperature over retention time of identified components in GCFID 

The polynomial function is then used to calculate a boiling point distribution for all 

components in the chromatography analysis of a kerosene or kerosene fraction sample. 

For all identified components, the boiling point was researched in literature. Due to 

the complexity of the components with the carbon atom number of more than 10 

carbon atoms, not all boiling points are available in the literature reviews. Though, the 

properties of alkanes, for which the boiling ranges are well established, contribute to 

the boiling range distribution. The influence of alkane boiling points is stronger above 

the boiling point of decane. Due to the temperature program of the GCFID, which is 
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constant for 20 min at 80°C and then gradually increases with a rate of 1°C/min up to 

250°C, the boiling point distribution leads to two different sections. Therefore, two 

polynomial functions were established, one for the calculation of the boiling 

temperature lower than the one of decane, and one for the boiling temperature higher 

than the one of decane, see Eq (3.1) and (3.2). 

Polynomial Function for boiling range calculation up until decane 

432 x0217.0x8048.0x009.11x537.69814.16y   

 

(3.1) 

Polynomial Function for boiling range calculation from decane on 

352 x102x0038.0x601.19.154y    

 

(3.2) 

The polynomial functions are only valid for the chromatography column used in this 

work, since the column coating can differ in its properties from one column to another, 

even if the same type of coating is used.  

3.2 Chemical Composition of Kerosene 

After identifying the components in GCFID, the percentage of the area of each 

component from the overall peak area of all identified and unidentified peaks is 

calculated as xarea-%. The area percentage equals the mass percentage of the carbon 

atoms of the components, which is calculated by the area of each identified component 

divided by the total area of the GCFID of all identified and non-identified components, 

see Eq. (3.3), 

100
x

x
x

area

identified
area

%area 


  (3.3) 

Not all detected area can be specified with Jet A-1, ULSK, and Jet A-1 fractions. To 

calculate the mass percentage of the identified components, area percentage xarea-% is 

corrected by the share of hydrogen atoms of the identified components. Therefore, the 

average molecular formula CnHm of the identified components is calculated by 

summarizing content of carbon atoms nC and hydrogen atoms nH. The identified area 

percentage is the share of the components with the identified area, see Eq (3.4) – (3.6). 

    )nx(n C
identified

%areaC  (3.4) 

    )mx(m C
identified

%areaC  (3.5) 
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100
x

x
x

identified
area

identified
areaidentified

%area 


  (3.6) 

Finally, the weight percentage of the identified components can be calculated by Eq. 

(3.7). The molecular formula from all identified components is used to calculate the 

mass content of the compounds xwt.-%, 

)MM(n

)MnMn(x
x

Hm

n

CC

HHCC%area
%.wt

C

C






 

  (3.7) 

Were xarea.-% is the percentage of the area of the component in the chromatography. The 

number of carbon atoms is nC and hydrogen atoms nH. MC and MH is the molar mass 

of carbon and hydrogen atoms, respectively, and mC is the carbon mass in the sample. 

The discrepancy between the average formula of the identified components and the 

unknown total detected components is assumed to be sufficiently small.  

With dehydrogenated single components of the PCD experiments, 99% to 100% of area 

can be identified. Therefore, the total amount of carbon atoms “C” hydrogen atoms 

“H” can be specified by the chemical formula of the components. The weight 

percentage of condensable dehydrogenation products are identified and calculated 

with the same method as described for the jet fuel and Jet A-1 fractions. 

3.2.1 Hydrocarbon Distribution of Kerosene 

All identified components are organized by hydrocarbon groups and their carbon 

atom number Cn. To gain an overview of chemical composition of the jet fuel and 

fraction, the mass percentage of the hydrocarbon groups per Cn are added up. Since 

not all components detected with GCFID can be identified, the summarized mass 

content does not reach 100 wt.-%. To achieve a closed mass balance, two assumptions 

are introduced. First, it is assumed that all n-alkanes are identified, since they show a 

very characteristic peak shape on the chromatographic analysis. The second 

assumption considers the amount of aromatic hydrocarbons. The average density of 

aromatic hydrocarbons is considered to be 0.86 g/cm3. ULSK shows a volumetric 

content of aromatic hydrocarbons of 23.9 vol.-%, while Jet A-1 has 24.3 vol.-% of 

aromatic hydrocarbons. Both values are close to the limit of aviation restrictions, and 

therefore, the amount of aromatic hydrocarbons is considered as completely identified. 

The unidentified mass content is then equally distributed among the summarized 

cycloalkanes and iso-alkanes mass composition, see table 3.1. The equal distribution of 

the non-identified mass content among the carbon atom number Cn of cycloalkanes 

and iso-alkanes is considered not to be legitimate, since the identified components 
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decline with increasing retention time. The highest detection sensitivity is reached 

with kerosene among hydrocarbon components with 8 to 12 carbon chain length. With 

increasing retention time and molar mass, the content of the components declines and 

fewer components are identified.  

Table 3.1 - mass content of hydro carbon groups in ULSK and Jet A-1 identified with GCFID 

and corrected mass content after jet fuel restrictions 

  ULSK Jet A-1 

  
identified 

mass HGx  

corrected 

mass 
corrected
HGx  

identified 

mass HGx  

corrected 

mass
corrected
HGx  

iso-alkane 

[wt.-%] 

18.22 28.19 15.65 27.72 

cycloalkane 17.76 27.48 13.74 24.33 

aromatic 

hydrocarbon 

20.54 20.54 20.89 20.89 

n-alkane 23.80 23.80 27.07 27.07 

summarized 

mass content 
80.32 100.00 77.34 100.00 

Molar mass [g/mol]  139.5  150 

These assumptions apply to the gas chromatography analysis of jet fuel and 

desulfurized Jet A-1 fractions. With the gas chromatography analysis of 

dehydrogenated single components and model mixtures, the total mass content was 

identified. Fig. 3.3 shows the mass content of the identified hydrocarbons groups and 

the carbon atoms in Jet A-1 and ULSK distributed over the Cn. The distribution shows 

the difference in chemical composition of ULSK caused by the removal of sulfur 

containing compounds found in the higher boiling range of kerosene. This leads to a 

declining content of components with increasing Cn. 
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Fig. 3.3 - mass content of detected hydrocarbons groups and carbon atoms of Jet A-1 and 

ULSK over carbon atom number 

The hydrocarbon group of cycloalkanes contains mono- and dicycloalkanes. Further 

aromatic hydrocarbons are also detected with one ring structure and diaromatic ring 

structure. The content of the mono- and di- ring structures are added together in the 

graphical depictions for simplification. The detailed content of hydrocarbon groups is 

shown in Appendix 8.1. The identified hydrocarbon group composition is also used to 

calculate the average molar mass of the jet fuel. It has to be taken into consideration 

that less components are identified at higher boiling temperature respectively with 

higher retention time. Therefore, the molar mass calculated from identified 

components is underestimated by up to 7%. Together with the hydrocarbon group 

composition, the specification of the average molar mass is used to identify possible 

model components for dehydrogenation tests. First, the molar mass of hydrocarbon 

groups MHG is calculated by the detected mass content of the hydrocarbon groups xHG, 

see Eq. (3.8). The carbon molar mass MC is 12 g/mol, while the molar mass of the 

hydrogen atom MH is 1 g/mol. The variable “z” contributes to the difference in 

molecular formula of the hydrocarbon groups, which is presented in table 3.2. The 

average molar mass of the jet fuel or fraction Mjetfuel is then calculated with the cross 

product of the corrected, summarized hydrocarbon group content, see Eq. (3.9). The 

calculation of the molar mass by the molecular formula of the hydrocarbon groups are 

shown in table 3.2.  
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Table 3.2 - molecular formula of hydrocarbon groups used for calculation of the average molar 

mass of jet fuel and dehydrogenated components 

hydrocarbon 

group 

n-alkane/ 

iso-alkane 
cycloalkane dicycloalkane 

aromatic 

hydrocarbons 

diaromatic 

hydrocarbons 

molecular 

formula 
CnH2n+z 

z 2 0 -2 -6 -10 

 

  zMM

x

nx

M HC18n

6n
HG

18n

6n
CHG

HG 
































 (3.8) 

  













18n

6n

corrected
HGHGjetfuel xMM  (3.9) 

3.2.2 Boiling point Distribution of Kerosene 

Next to the mass content of the identified components, the identification of the 

kerosene components can also be used to analyze the boiling range of Jet A-1, ULSK, 

and Jet A-1 desulfurized fractions. The boiling point temperature is distributed over 

the distillated mass of the kerosene. The American Society for Testing Material has 

established the Standard Test Method for Boiling Range Distribution of Petroleum 

Fractions by Gas Chromatography ASTM D 2887 [95]. The method is used for 

comparison to verify the boiling point temperature distribution by the calculated 

boiling temperature described in chapter 3.1.2. The detected area percent of the peaks 

in GCFID is summarized and distributed over the calculated boiling point 

temperature. For simplification, the area percent is set as the weight percent of the 

peak. With ASTM D 2887, the temperature program slope is usually set for 14 min with 

the standard test method. The temperature program slope used with GCFID in this 

work is 220 min, which leads to a sharper peak separation for component 

identification. A sample of Jet A-1 was sent to an external laboratory (Petro Lab GmbH, 

Speyer) for analyzing the boiling range after ASTM D 2887. The comparison of the 

boiling range of the external laboratory and the calculated boiling point method used 

in this work agree closely with one another. Therefore, the calculated boiling point 

method is being considered as verified and used for the calculation of the boiling 

ranges for ULSK and Jet A-1 fractions. Fig. 3.4, presents the boiling point temperature 
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range of Jet A-1 and ULSK over the distillated mass and the externally analyzed ASTM 

D 2887 boiling range distribution of Jet A-1. 

 

Fig. 3.4, boiling point temperature distribution over distillated mass of Jet A-1 and ULSK and 

ASTM D2887 standard test method for boiling range distribution of Jet A-1 

The boiling point temperature distribution of Jet A-1 and the desulfurized fraction is 

of interest to the adaption of the model mixture for experimental investigation of 

dehydrogenation and process simulation. The model mixtures are designed to adapt 

the chemical composition and the average molar mass, which also involves the boiling 

range. Owing to the simplification of the model mixture, the physical properties differ 

from the original kerosene.  

3.3 Desulfurization of Kerosene 

The desulfurization process for kerosene established at the German Aerospace Center 

is the fraction distillation by rectification [31]. The sulfur content in kerosene is mostly 

found in the higher boiling range of kerosene [96]. This allows the separation of 

kerosene fractions with less sulfur content than the original jet fuel. To investigate 

possible sulfur content and chemical compositions of jet fuel fractions, experimental 

investigations are performed with a batch laboratory rectification column. The method 

of analyzing the chemical composition, molar mass and boiling range distribution of 

the distillated fractions is accomplished by the method described with Jet A-1 and 

ULSK.  

3.3.1 Rectification of Jet A-1 

The experimental kerosene desulfurization by rectification is carried out in a batch 

rectification process. The schematic laboratory test set up is presented in Fig. 3.5.  
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Fig.3.5 - Scheme of batch rectification test set up 

The laboratory batch rectification consists of a Vigreux column, which is 1.1m tall and 

with an effective height of 0.9 m. The estimated stage number is 14 including 

condenser and still stage on top and bottom. At the bottom stage, the Jet A-1 is 

provided for distillation in a round bottomed flask with a capacity of 1.2 kg kerosene. 

With this experimental setup, the feed is provided to the column at the bottom stage 

and becomes the distillation still while the experiment is performed. During 

distillation the composition changes due to partial evaporation of the kerosene 

components. The feed is heated by an electric heater with 300 Watt performance. To 

avoid effervescence while boiling and evaporation, an air leak tube is immersed into 

the still. For monitoring the still temperature, a thermocouple TC1 is immersed into 

the still. At the top stage of the Vigreux column, a counter current cooler (Liebig – 

Kühler) condensates the distillated fraction with a circulated 12°C coolant and 

conducts the condensed fluid over a distributor with volume scale and vacuum 

regulation (Thiele- Aufsatz) into a 100 ml round bottom flask. The top stage vapor 

temperature is monitored with a thermocouple TC2. The distillation mass flow rate 

depends on the vapor/ liquid -equilibrium of the still at given bottom stage 

temperature and pressure in the system. The pressure in the system is regulated by a 

vacuum pump and a pressure regulator valve. The bottom stage temperature is kept 

between 180 and 200°C during experimental time, while the top stage vapor 

temperature reaches 140°C. The boiling range of the still rises over time since lighter 

hydrocarbons are evaporated. The heating power cannot be raised with the test setup 

therefore the pressure is reduced over time from ambient pressure to evaporate the 
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still. Fig. 3.6 presents a typical experimental run for the distillation of a 30 wt.-% 

fraction.  

 

Fig. 3.6 - experimental run of Jet A-1 rectification up to the distillation of 30 wt.-%  

The potential of the rectification process to remove sulfur containing components in 

distillated mass fractions was evaluated first. For the experimental run, one 1.2 kg 

batch of Jet A-1 was continuously distillated by removing 100 ml, or ca. 80 g, 

dependent on the fraction density, of distillated components from the jet fuel batch. 

The power of the electric heater and the vacuum pump performance allow removing 

a total of 82 wt.-% of distillated mass. The sulfur content in the distillated fractions is 

analyzed in an element analyzer (AnalytikJena mutli EA 5000) by burning a sample of 

the distilled fraction at 1000 C in a quartz tube and detecting the evolved SO2 by UV- 

fluorescence detector (UVFD). The mass and sulfur content in ppmw of the distillated 

fraction where cumulated to receive the sulfur content in the consecutive mass 

fractions during distillation. Fig. 3.7 presents the cumulated sulfur content of the 

consecutive mass fractions and the sulfur content of the six separately produced mass 

fractions. 
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Fig. 3.7 - sulfur content [ppmw] in cumulated Jet A-1 fractions and distilled Jet A-1 mass 

fractions 

In the next step, six mass fractions, from 5 wt.-% with 5 ppmw sulfur to 30 wt.-% with 

26 ppmw sulfur, are distillated for dehydrogenation experiments and analyzed for 

chemical composition with GCFID. Next to the sulfur content also the distribution of 

the carbon atom number of the fraction changes. With lower distillated mass the 

average carbon chain length declines. Fig. 3.8 shows the distribution of the carbon 

atom number over the detected mass content of the fraction and Jet A-1.  

 

Fig. 3.8 - distribution of carbon atom number with distillited Jet A-1 mass fractions 

The difference in distribution of the carbon atom number Cn also leads to the variation 

in boiling temperature distribution and average molar mass. Hydrocarbons with 

shorter chain lengths evaporate at lower boiling temperature. With increasing distilled 

mass fraction, this chain length of evaporated components increases. The distribution 
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of the calculated boiling point temperature of the six different mass fractions is 

presented in Fig. 3.9.  

 

Fig. 3.9 - calculated boiling point distribution of distilled Jet A-1 mass fraction 

The content of hydrocarbon groups also depends on the distillated mass fraction. The 

distribution of hydrocarbon groups in jet fuel varies with different carbon atom 

numbers. Since the distribution of the carbon atom number varies with different 

distillation mass fraction, the hydrocarbon content has to change as well, see Fig. 3.10. 

 

Fig. 3.10 - distribution of hydrocarbon groups and molar mass of distilled Jet A-1 mass 

fractions  

The molar mass declines with declining mass fraction and carbon atom number Cn 

distribution. The compostion of the hydrocarbon groups in the Jet A-1 fractions and 
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the molar mass are properties used to define suitable model mixtures for 

dehydrogenation experiments. In particular, the content of cycloalcanes is of interest 

to the dehydrogenation process, since most hydrogen can evolve from this 

hydrocarbon group. It can be observed that the content of Cycloalkanes increases with 

declining destillated mass fraction. 

3.4 Model Mixtures 

The hydrogen output of partial catalytic dehydrogenation PCD of hydrocarbons from 

jet fuel depends strongly on the hydrocarbon group. To investigate the influence of 

hydrocarbon groups on the hydrogen output and evolution of possible side products 

with PCD, simplified model mixtures are defined. The experimental methodology of 

PCD of a model mixture is explained in chapter 4. Further, model mixtures are used 

for the evaluation of the process concepts with rectification, and the reference process 

with ULSK. To introduce a PCD reactor in a process simulation, model mixtures are 

used to calculate the reaction enthalpy of PCD. For the process concept with 

rectification, “real” Jet A-1 fractions are dehydrogenated and evaluated by their 

hydrogen yield, side products and stability of the reaction. The results are presented 

in chapter 5. Owing to these experimental investigations, two model mixtures for two 

different fractions are defined next to a model mixture of ULSK for the reference 

process. 

3.4.1 Method of Model Mixure Compilation 

As reference for the design of the model mixture, the composition of ULSK, 10 wt.- % 

and 20 wt.-% Jet A-1 fractions are chosen. The aim of the model mixture design is to 

find model components which represent the hydrocarbon groups in the original fuel. 

The composition of the model components has to represent the composition of 

hydrocarbon groups and reach comparable molar weight to the original fuel. For the 

process simulation, the lower heating value is also similar to the original fuel to achieve 

similar enthalpy for combustion within the process, see chapter 6. The single model 

components chosen for the model mixture have to be obtainable in reasonable 

amounts to run the dehydrogenation tests. The single model components are also 

tested individually at the dehydrogenation test setup to gain information about how 

product composition influences hydrogen yield and possible reactions conditions for 

the model mixtures. The method of the model mixture compilation is described based 

on the ULSK model mixture in this chapter. The number of components in the model 

mixture is limited to eight commercially available hydrocarbons. This limitation is 
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specified to suit the chemical composition and also provides a reasonable amount of 

test runs for the dehydrogenation test.  

First, the distribution of the hydrocarbons over the carbon atom number is consulted 

from the GCFID analysis for ULSK. The carbon atom distribution shows that most 

components have a carbon chain length between 8 to 12 carbon atoms. The carbon 

atom number distribution is different from one hydrocarbon group to another. For 

cycloalkanes, a higher amount of components are found between 9 to 10 carbon chain 

length, while aromatic hydrocarbons are distributed among 8 to 10 carbon chain 

length. Alkanes and iso- alkanes are more spread in their carbon atom number Cn. The 

amount of components is now narrowed down by adding together the mass content 

of the components within one hydrocarbon group with shorter or longer carbon atom 

number than the assigned Cn. The mass content is added together within the selected 

Cn to receive a total of eight components, which are assigned for the model mixture. 

The only iso- alkane which is obtainable is Isooctane. Therefore, the simplification 

follows by which it is assumed that the influence of n-alkanes and iso- alkanes on 

dehydrogenation is due to their similar molecular structure. The mass content of iso- 

alkanes and n-alkanes is distributed between 8 to 12 carbon atom chain lengths. 

Isooctane is assigned as one iso- alkane and three alkanes are assigned between 9 to 12 

carbon atom numbers. The obtainability of cycloalkanes is also limited. Therefore, two 

components are chosen for 7 and 10 carbon chain length. The total mass content is than 

distributed among these two components. For aromatic hydrocarbons, two 

components are chosen for 8 and 10 carbon atom chain length. The defined 

components for ULSK are considered to be also suitable for other model mixtures.  

3.4.2 Composition of Model Mixtures 

For the ULSK, two different model mixtures are designed. One model mixture contains 

the assigned eight components, and a second, more simplified model mixture only 4 

components. The composition of the eight component model mixture and the boiling 

point of the model components is shown in table 3.3.  

  



3.4. Model Mixtures 33 

Table 3.3. model mixture composition of ULSK, four component model mixture, 10 wt.-% 

and 20 wt.-% fraction model mixture 

 

The four components of the simplified ULSK model mixture represent each of the 

hydrocarbon groups in fuel. With this simplified mixture a less complex product 

distribution is obtained with dehydrogenation tests, which allows a less complex 

analysis on the influence of the hydrocarbon groups on the hydrogen yield and the 

reaction conditions. The chemical composition of the four components is defined after 

the total mass content of the hydrocarbon groups of ULSK, see table 3.1. 

The composition for the model mixture of the 10 and 20 wt.-% fraction is chosen also 

on the basis of the hydrocarbon distribution of the equivalent Jet A-1 mass fraction. 

The same model components are used as with the ULSK model mixture. With the 10 

wt.-% fraction, the content of hydrocarbons with 12 carbon atoms is strongly reduced 

to less than 0.1 wt.-%. Therefore, dodecane is not used in the 10 wt.-% model mixture. 

The boiling range distribution of the model mixture deviates from the original ULSK 

or Jet A-1 in particular in the range of lower boiling temperature. This is caused by the 

higher content of components, with the lower boiling points in comparison to the 

original fuel, which are isooctane and methylcyclohexane. Still this components are 

hydrocarbon 

group 

model 

com-

pontent 

boiling 

tem-

perature 

Cn 

ULSK 

model 

mixture 

4 –

component 

model 

mixture 

10 wt.-% 

model 

mixture 

20 wt.-% 

model 

mixture 

  [°C] [-] [wt.-%] 

iso-alkane Isooctane 99 7 3.45 28.19 3.09 1.25 

cycloalkane 

Methylcyc

lo-hexane 

101 
7 11.23 27.48 18.76 15.51 

cis/trans-

Decalin 

189/191 
10 13.48  14.48 16.82 

aromatic 

hydrocarbon 

p-Xylene 138.4 8 4.41 20.54 17.45 8.18 

n-Butyl-

benzene 

183 
10 17.69  5.67 12.94 

n-alkane 

Nonane 151 9 6.27  27.55 18.01 

Decane 174 10 32.17 23.80 13.00 25.30 

Dodecane 216.2 12 11.32  - 1.98 

molar mass of model 

mixture 

 
[g/mol] 135.1 114.9 121.94 128.45 

density at 20°C and 1 bar  [g/cm3] 0.78 0.75 0.76 0.76 
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chosen in order to suit the restrictions of chemical compatibility with the original fuel 

and obtainability for dehydrogenation test.  
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4 The Experimental Methodology 

The partial catalytic dehydrogenation (PCD) of hydrocarbons in jet fuel contains 

different types of reaction paths and products dependent on the jet fuel components 

and their dedication to hydrocarbon groups. Hydrocarbons within a hydrocarbon 

group show similar reaction paths due to their molecular structure. To activate 

dehydrogenation reactions which lead to hydrogen evolution, the activation energy 

has to be reduced by a catalyst, which also can induce an undesired side reaction. The 

cracking of the carbon chain into shorter chain hydrocarbons decreases the hydrogen 

gas purity and can require hydrogenation to saturated hydrocarbons. Further, the 

dehydrogenation of jet fuel components can lead to formation of carbon, which is 

deposited on the catalyst surface and occupies the active sites, causing a decrease of 

catalyst activity. Dehydrogenation, cracking reactions and carbon formation are 

endothermic reactions. [26], [73], [97].  

In jet fuel, the diversity of hydrocarbons leads to many different reaction paths and 

reaction products. The hydrogen yield and product distribution from PCD reactions 

depend on the reaction conditions, which are the reaction temperature, pressure and 

contact time on the catalyst surface. The investigation of suitable reactions for PCD of 

jet fuel to achieve high hydrogen yield, stable reaction progress with little carbon 

formation on the catalyst surface and few cracking products in the gas phase is 

accomplished in this work by experimental study.  

In this chapter, the methodology of the experimental investigation of process 

condition, reaction products and the evaluation of the experimental results is 

presented. To investigate the process conditions on hydrocarbon groups in jet fuel, the 

simplified composition of model mixtures is used. These are derived from the 

hydrocarbon group composition of ULSK and Jet A-1 desulfurized fractions, see 

chapter 3.4. Further, the model components used in the model mixture are 

dehydrogenated as pure components to learn about detailed product composition and 

conversion rates. With the established reaction conditions, real ULSK and Jet A-1 are 

examined to evaluate the dehydrogenation process in hydrogen yield and reaction 

progress stability. The detailed knowledge of reaction products and conversion rates 

of model components and model mixture for specific reaction conditions can be used 

for input specification in process simulation to evaluate the process concept with 

rectification and the reference process.  
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4.1 Identification of Test Rig Conditions 

To define the most promising reaction conditions, two different types of test rigs were 

built. First, an experimental set up suggested in literature for dehydrogenation under 

liquid/gas equilibrium conditions was tested in a batch reactor. The liquid/gas 

equilibrium conditions run under low temperature close to boiling temperature of the 

chosen model component or mixture. Cracking reactions due to thermal stressing can 

be limited and close contact with the catalyst by wetting the catalyst surface is 

achieved. [77], [79], [70], [23]. 

The liquid feed is injected and mixed in a suspension with a Platinum (Pt) catalyst on 

an activated carbon powder carrier. The feed is heated to boiling temperature at 

atmospheric pressure, while the evaporating hydrocarbons are condensed and led 

back into the batch reactor. The hydrogen evolves into the gas phase and leaves the 

reaction system to be collected in a gasometer for detecting the volumetric amount of 

gas produced. The experiment ends when no more detectable gas is evolving from 

gas/liquid equilibrium. The hydrogen concentration is detected with gas 

chromatography and thermal conductivity detector (GCTCD). The scheme of the 

liquid/gas equilibrium test rig is presented in Fig 4.1. Before each test, the atmosphere 

of the test rig is neutralized with nitrogen gas. 
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Fig. 4.1 Scheme of test rig for gas/liquid equilibrium dehydrogenation 

Most publications working with gas/liquid reaction conditions use cycloalkanes as 

feed components, which have low activation energy and high hydrogen evolution in 
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comparison to other hydrocarbon groups contained in jet fuel. The liquid/gas 

equilibrium test set up is used to investigate the hydrogen evolution under these 

conditions of different model components representing different hydrocarbon groups 

in jet fuel. The evolving hydrogen yield is with all tested components less than 0.3 

feedH kg/Nl
2

. This hydrogen yield is considered too low for the system efficiency of 

both concepts for jet fuel dehydrogenation. Therefore, the reaction conditions under 

liquid/gas equilibrium conditions are not continued in this work.  

The second experimental test rig is designed to operate the PCD under gas reaction 

conditions. The feed is evaporated and conditioned to reaction temperature above 

evaporation temperature. With increased reaction temperature, increased hydrogen 

yield is expected but also more cracking reaction and carbon formation. In this chapter, 

the experimental set up for PCD at gas reaction conditions is presented and the 

experimental methodology is described upon gas phase reaction conditions.  

4.2 Dehydrogenation Reactions of Long Chain Hydrocarbons 

The four hydrocarbon groups in jet fuel, presented in chapter 3, are expected to have 

characteristic dehydrogenation reactions due to their molecular structure. Still, the 

reaction paths of long chain hydrocarbons can interfere with each other and lead to 

different side reactions and multiple reaction products, including cracking products 

and carbon formation. The scheme in Fig. 4.2 suggests different reaction paths of 

hydrocarbon groups starting from long chain alkanes [66], [88], [98]. 

isomerization cracking dehydrogenation aromatization 

 

  

 

Fig. 4.2 - Scheme of suggested reaction paths of dehydrogenation of different hydrocarbon 

groups 
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The hydrogen yield of a component depends on the reaction path a molecule takes and 

the total conversion rate of the component. Both, conversion rate and path are 

influenced by reaction conditions and catalyst properties. 

The dehydrogenation of alkanes to alkenes leads to the stoichiometric evolution of one 

hydrogen molecule H2, or in case of dialkenes, a maximum of two hydrogen molecules. 

Further alkanes can also follow the aromatization path, which follows cyclisation to 

cycloalkanes and then aromatic hydrocarbons which evolve up to 4 hydrogen 

molecules. The aromatization path of n-alkanes often follows radical formation and 

can cause formation of polyaromatic hydrocarbons, which are the preliminary stage to 

carbon formation.  

The aromatization of the hydrocarbon group cycloalkanes to aromatic hydrocarbons 

follows the preliminary step of dehydrogenation to cycloalkanes. The formation of 

aromatic hydrocarbons from cycloalkanes has a high potential of hydrogen evolution, 

and causes only minimal carbon formation, since no intermediate radicals are formed. 

Aromatic hydrocarbons have a very stable molecular structure and rather do not 

convert or interfere with other components and products. Further reactions only 

appear with alkane side branches of the aromatic ring, which can involve 

dehydrogenation, cracking to shorter chain hydrocarbons and radical formation 

leading to carbon formation. 

Cracking reactions of alkanes leading to shorter chain alkanes and alkenes can 

consume hydrogen, known as hydrocracking. This reaction is caused by thermal strain 

on the carbon chain and is also catalyzed. Short chain hydrocarbons, up to five carbon 

atoms, are in gas phase of the product gas after condensation of partially 

dehydrogenated fuel. They decrease the hydrogen gas purity and should be avoided 

with suitable reaction conditions. Another side reaction of alkanes is the isomerization, 

leading to isoalkanes where no hydrogen is evolving. Isoalkanes can dehydrogenate 

to isoalkenes, or can form shorter chain hydrocarbons by cracking. 

These reaction paths can be observed with PCD model components experimentally 

investigated in this work.  

4.3 The Dehydrogenation Catalyst 

The catalyst most often used for dehydrogenation of long chain hydrocarbons is 

Platinum, due to its high activity. Platinum is not resistant to sulfur however, and 

therefore, sulfur containing fuels cause catalyst deactivation due to the formation of 

platinum sulfide PtS2. The noble metal catalyst is applied on different carrier materials, 

which is most often γ-Al2O3 or activated carbon due to its high surface area. [99], [29], 

[81], [28], [25] In case of γ-Al2O3, support promotors like Sn, Ca, or Cl, Ni are applied 
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with the Pt on the surface to reduce the acidity of the carrier material which causes 

cracking and carbon formation [90], [78], [100]. Another potential carrier material is 

Zeolith, which is used in membrane reactors to separate the hydrogen product gas 

from other products. Membrane reactors for dehydrogenation have the disadvantage 

of carbon formation in the membrane pores, which highly decreases the permeability 

[101], [102], [67], [103]. 

The catalyst used for the experimental work in this thesis is bimetallic 1 wt.-% Pt – 1 

wt.-%Sn on γ-Al2O3 spherical pellets with a diameter of 1.8 mm and is developed 

especially for dehydrogenating of Jet fuel by JohnsonMatthey. The pore volume of the 

catalyst pellets is 0.55 ml/g. The average pore diameter is 6.9 nm with BET surface area 

of 202 m2/g. The dispersion of Pt is ~16 % which is measured by pulsed carbon 

monoxide chemisorption. The catalyst preparation and characterization was 

performed by JohnsonMatthey. First, γ-Al2O3 support was impregnated by a solution 

of H2PtCl6 and dried under vacuum in a rotary evaporator. Then, it was further heated 

at 110°C for 2 h and calcined at 500°C (10°C/min) for 8 h. A second impregnation was 

performed using a solution of SnCl2- H2O (Alfa Aesar). To achieve desired Pt/Sn ratio 

the product was dried in a rotary evaporator. The platinum catalyst was activated 

before each dehydrogenation test over 2 h at 350°C using a 1.2 l/h hydrogen flow at 

1.3 bar. The experimental examination, was performed under the assumption that the 

catalyst represents the state of knowledge for dehydrogenation of long chain 

hydrocarbons and complex mixtures. Still, the catalyst does not show sulfur resistance, 

which leads to the necessity of desulfurization of jet fuel in the process concepts.  

4.4 The Experimental Setup  

The experimental setup for partial catalytic dehydrogenation of kerosene, model 

mixtures and model components is shown in Fig. 4.3. The reaction is performed in gas 

phase over the solid catalyst surface. The system can be pressurized to investigate 

reaction conditions under pressure for the process concepts due to the pressure 

required for product gas conditioning by PSA. 
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Fig. 4.3 - experimental setup for partial catalytic dehydrogenation 

The dehydrogenation tests are performed in a fixed bed tubular reactor (inner 

diameter d=15 mm and tube length L=375mm), which is placed in a programmable 

electric furnace. The catalyst bed starts 5 mm upstream of the center of the furnace. To 

regulate the reactor and catalytic bed temperature, a thermocouple TC1 is placed 5 mm 

in the catalyst bed. The reactor is operated between 350°C and 500°C. A second 

thermocouple, TC2, is placed 10 mm downstream from the end of the catalytic bed to 

measure the axial temperature gradient in the bed material. A third thermocouple, 

TC3, is placed vertical to TC1 on the surface of the steel reactor tube to measure the 

temperature decrease induced by the endothermic reaction. The temperature, TC4, is 

measured at the outlet of the condenser and is used to correct the volume flow of the 

product gas stream. The feed mass flow is provided to the reactor by a micro gear 

pump, which is controlled by a liquid flow controller LFC (8 g/h to 45 g/h kerosene). 

The feed is evaporated in a capillary evaporator (max 350°C) and superheated to 

operation temperature before it reaches the reactor bed. The feed flow is cooled with a 

12°C coolant circulation within the evaporator casing before being heated up to 

evaporation temperature. The constant temperature gradient of the feed stream at the 

inlet of the electrical heated capillaries reduces pressure fluctuation due to 

evaporation. Hydrogen is provided over a mass flow controller MFC and heated up 

until operation temperature of the reactor. The hydrogen flow is used for catalyst 

activation before the experimental run. Also, the reaction is started under a pure 

hydrogen atmosphere. Downstream of the reactor tube, the product gas and 
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dehydrogenated hydrocarbon components run through a counter current condenser, 

which is cooled by ethanol at -10°C. The condensable products are collected in the 

condenser and are weighed after the test and analyzed with the GCMS and GCFID to 

detect the mass content of product components and the conversion rate of the feed 

components, see chapter 3. The product gas is measured by a mass flow meter MFM. 

The pressure of the system is regulated from 1 bar to 8 bar by a pressure controller PC, 

which is located downstream of the condenser. A pressure sensor PS upstream of the 

reactor tube is used to monitor an accidental pressure drop of the system by clogging.  

The hydrogen concentration is measured online by a thermal conductivity detector 

(ABB AO2020), while the gaseous hydrocarbons (CH4, C2H6, C2H4, C3H8, C3H6, C4H10) 

are analyzed in a gas chromatography every five minutes of reaction time (Varian CP-

4900 Micro-GC). The carbon deposition on the catalyst is analyzed after the 

dehydrogenation test with an element analyzer (AnalytikJena mutli EA 5000) by 

burning the carbon on the catalyst surface at 1050°C in a quartz tube and detecting the 

evolved CO2 by non-dispersive infrared CO2 spectrometry (NDIR). 

4.5 Design of Experiment 

The experimental tests are performed to define suitable process conditions for both 

PCD concepts by variation of the reaction temperature, pressure and contact time of 

the feed stream on the catalyst. The reaction conditions are evaluated by the hydrogen 

yield, product compositions and stability of the reactions of defined single model 

components, which are expected to have most influence on the PCD of the model 

mixtures, ULSK and Jet A-1 fractions. The defined reaction conditions are then used 

for PCD of model mixtures to investigate the hydrogen yield and product composition 

for the process model of both process concepts. The hydrogen yield and product 

composition of the product gas stream and the liquid condensate product are extracted 

from the experimental data and evaluated for the process concepts.  

4.5.1 Preparation of Experiment 

For the preparation of each experimental run, the mass of catalyst catalystm  with the 

catalyst bed density of ρcatalystbed=0.574 g/ml is defined for a specific contact time on the 

catalyst surface. The contact time is the time in seconds that a feed stream spends 

passing through the cavity volume of the catalyst vityCatalystcaV  at reaction conditions. 

The feed flow rate for the chosen component, model mixture or fuel is adjusted to the 

reaction conditions. The mass of the catalyst bed is calculated by the chosen contact 

time of the feed stream on the catalyst. The contact time depends on the catalyst bed 
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volume dcatalystbeV , temperature TC1, pressure p, the mass flow of feed feedm , the 

molar mass of feed feedM  and the porosity of the catalyst bed %2.38 , see Eq. (4.1), 

(4.2),(4.3).  

1TCRm

MpV

V

V
t

feed

feeddcatalystbe

feed
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


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dcatalystbedcatalystbe.cat Vm   (4.3) 

The length of the reaction bed Lcatalystbed. is limited from 15 mm to 45 mm, which is 1 to 

3 times the inner diameter of the tubular reactor. This prevents macroscopic leak 

current which would be the case if the bed would be shorter than 15 mm. A bed length 

exceeding 45 mm would lead to a horizontal temperature gradient over 5 K through 

the catalyst bed with most endothermic reactions. The reaction temperature is 

regulated at the beginning of the catalyst bed, where the endothermic PCD reaction is 

starting. The concentration of the dehydrogenated components increases through the 

catalyst bed with progressing reaction front. The steady heat transfer from the electric 

furnace to the catalyst bed causes an increase of the catalyst temperature at the exit of 

the catalyst, where less reaction enthalpy is needed due to the reduced concentration 

of feed components and increasing reaction products. A longer reaction bed would 

cause an even stronger concentration and temperature gradient. With increasing 

catalyst bed temperature, more thermal cracking of the hydrocarbon components is 

likely. Since the dimensions of the reaction bed are limited, the feed mass stream has 

to be adjusted to the defined contact time, depending on the reaction temperature and 

system pressure. Further, the temperature of the evaporator is also adjusted to the 

experimental reaction conditions and the evaporation temperature of the chosen feed. 

Thermal stress during evaporation can lead to carbon deposits in the capillaries of the 

evaporator. The maximum evaporation temperature is 320°C at 8 bar pressure of the 

system.  

All experiments where run for 5.5 h. At the startup, a hydrogen flow of 1.2 Nl/h flows 

over the heated and pressurized catalyst bed, while the feed flow is slowly raised 

within 10 min until reaching test conditions and the hydrogen flow is reduced to zero. 

This practice reduces the immediate carbon formation on the catalyst surface by 

gradually increasing the partial pressure of the reactant on the catalyst surface. After 
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the experimental time has finished, the feed flow is shut off and the system is purged 

with nitrogen to lead condensable products remaining in the reactor into the liquid 

condenser. After the system is cooled down and depressurized, the catalyst and the 

condensate is removed for analyzing. 

4.5.2 Evaluation of Experimental Data 

To calculate the net product gas flow, productgasV , the measured product gas flow MFMV  

is corrected in four steps, Eq. (4.4). 

correction
3

correction
2

correction
1MFMproductgas VVVVV    (4.4) 

The first correction is to subtract the hydrogen flow startup
H2

V  in the startup phase of each 

experiment correction
1V  from the product gas MFMV , Eq. (4.5). 

startup
H
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1 2

VV    (4.5) 

Second, the expansion of the evaporated hydrocarbons pressing gas out of the test 

facility is considered until the pressure equilibrium of incoming and outgoing gas is 

balanced in the test rig. This increased gas flow of the products (Eq. (4.6)) which is not 

evolving from produced gas but from pressed out hydrogen in the system and has to 

be subtracted. 
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The volume flow rate 
vapor
feedV of the feed is calculated for standard conditions in the gas 

phase with the molar volume Vm=22.414 l/mol at standard pressure of pSTP=1.01325 bar 

and standard temperature of TSTP=273.15K, Eq. (4.7). The volume of the reactor tube is 

Vreactor=141.4 ml. 

The third correction takes into account that the volume of the condensable products is 

part of the system volume. The condensable product components are condensed and 

collected in the condenser, which is part of the test rig volume. The received liquid 

reduces the condenser volume over time. This liquid volume manipulates the volume 

flow equilibrium by additionally pressing out the volume of the hydrocarbons that are 
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collected as liquid, and has to be subtracted from the product gas MFMV , (Eq. (4.8)). 

The difference of density of the feed and the condensate is assumed to be negligible. 

feedfeed
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TC4 is the outlet temperature of the product gas stream, which is in average 293.15 K. 

It is assumed that the condensable products have the same temperature. The pressure 

p is the system pressure of the experimental run. 

To calculate the actual volume flow of the produced gas component hydrogen or a 

specific gaseous hydrocarbon, the change of product gas concentration in the test rig 

has to be taken into account. The concentration of the product gas cgas reaches the 

detector with a time delay, during which more product gas is building up and mixing 

in the volume of the test rig, Eq. (4.9). The effective volume of the test rig effective
testrigV  

considers the volume change described of the test rig Volume Vtestrig=0.5Nl due to the 

collection of liquid condensate in the condenser, Eq. (4.10). 
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The product gas yield of hydrogen or gaseous hydrocarbons over time YH2/CnHm
 

[NlH2/CnHm
/kgfeed] is calculated by Eq. (4.11): 
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The total mass of hydrogen produced during the experimental time over the total feed 

mass ]kg/g[ feedH2
 is used to compare the hydrogen gas yield directly at different 

reaction conditions, (Eq. (4.12)). 
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The formed carbon on the catalyst is calculated as the carbon yield YC/cat. [gc/kgcat.], 

which is the carbon mass detected on the catalyst mC divided by the mass of the fresh 

catalyst mcat.. It is used for the assessment of the stability of the reaction progress, which 



4.5. Design of Experiment 45 

is effected by the catalyst activity. Further, the carbon yield is also calculated by the 

total mass of the feed YC/feed, which is used as a specification of dehydrogenation 

reactions for the process concept, see Eq. (4.13) – (3.14). 
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The GCFID analysis of the feed components in model mixtures or pure model 

components, and the dehydrogenated condensed products collected from the 

condenser are used to calculate the conversion rate of the feed stream. The same 

methods are used as described in chapter 3 to detect the mass content of the feed 

components and the product components before and after the dehydrogenation 

experiment. 

The conversion rate of pure model components and the components in the model 

mixture is calculated by the mass content xwt.-% of the feed component and the xwt.-% 

non-converted feed component of partially dehydrogenated condensate, subtracted 

and divided by the original component content in the feed, see Eq. (4.15).  
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The liquid product compositions and conversion rate of the single components can be 

identified in detail with GCFID. The product composition of the dehydrogenated 

model mixtures exceeds 100 different product components, which causes peak 

overlapping and reduces the unambiguous identification. Therefore, it is assumed that 

the products appearing from the dehydrogenation of pure model components are 

similar to the product components of the model mixture tests. To check the mass 

balance, the mass of the dehydrogenated single component, the liquid products, the 

mass content of the gaseous products and the carbon formation are aggregated and 

compared to the feed mass.  

4.5.3 Test Matrix 

The process conditions of the partial catalytic dehydrogenation of ULSK and Jet A-1 

fractions are investigated with experimental dehydrogenation of the pure model 

components and the model mixtures. To evaluate the process concept with 

rectification and the reference concept with ULSK the hydrogen yield, the gaseous and 
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liquid products, the conversion rate of the model components in the mixtures and the 

formation of carbon are of interest. Further the stability of the reaction progress which 

can degrade due to deactivation of the catalyst surface by carbon deposit and sulfur 

poisoning is observed. Strong degradation would lead to insufficient hydrogen 

evolution over time for both concepts. Therefore reaction conditions have to be defined 

which show high hydrogen output and stable reaction progress with model mixtures. 

The pure model components and model mixtures are used for process simulation to 

identify possible dehydrogenation reactions and to integrate conversion rates to 

calculate the heats of reaction, and by this, the heat demand of the dehydrogenation 

reactor within both concepts. The calculated heat demand and dehydrogenation fuel 

properties are then used to identify suitable heat and material integration of the system 

as well as present possible system efficiencies. 

For the experimental investigation of reaction conditions, two components are 

identified which are expected to have the greatest effect on hydrogen output and the 

stability of the reaction. Alkanes are likely to cause deactivation of the catalyst by 

carbon deposition. Cycloalkanes, on the other hand, are likely to dehydrogenate to 

aromatic hydrocarbons. The dehydrogenation reaction is more stable toward cracking 

and radical formation. From this information, the model component 

methylcyclohexane (MCH) appears to have high potential for hydrogen evolution. 

Decane is chosen to represent alkanes. 

The influence of reaction temperature is tested on the first two chosen model 

components by varying the catalyst bed temperature TC1 between 350°C and 500°C. 

The system pressure is kept at 1 bar, while the contact time on the catalyst is 2 sec. 

The dehydrogenation reactor in both concepts would primarily run as a pressurized 

system to avoid pressurizing the product gas for gas cleaning. The influence of 

pressure is tested with 1, 3, 5 and 8 bar. Pressure is expected to have a negative 

influence on the hydrogen yield, especially on the conversion of MCH. The 

thermodynamic equilibrium indicates that pressure would shift the dehydrogenation 

reaction towards MCH [76]. To influence the conversion towards hydrogen 

production, the contact time can be increased. Therefore, tests with an increased 

contact time of 4 sec in the pressurized systems are performed. In order to meet the 

conditions of the minimum and maximum length of catalytic bed of chapter 4.5.1, the 

feed mass flow was increased with 3 bar to 20 g/h and with 5 and 8 bar to 40 g/h. The 

experimental results on temperature, pressure and contact time variation are used to 

define suitable reaction conditions for a pressurized and non-pressurized PCD reactor. 

In the case where the hydrogen yield of model mixtures in a non-pressurized reactor 
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is sufficient to overcome the expenditure of energy to pressurize the product gas for 

the PSA, the reaction conditions are defined at 1 bar.  

Next, all model components used in the model mixtures are tested as pure components 

with two different reaction conditions. The information of product composition etc. is 

used for evaluation of the hydrocarbon groups. In the next step, two component model 

mixtures are dehydrogenated, with the cycloalkane MCH as one component and a 

second hydrocarbon representing another hydrocarbon group. The experimental 

results give information about how alkanes, iso-alkanes and aromatic hydrocarbons 

influence the hydrogen output from cycloalkanes. 

Finally, the chosen reaction conditions are tested on the model mixtures for ULSK and 

the model mixtures of Jet A-1 fractions to find the most suitable reaction condition and 

to decide on a pressurized or non-pressurized system. Lastly, the final tests with sulfur 

containing model mixtures and real ULSK and kerosene fractions are performed to 

assess the stability of PCD with sulfur and real fuels. The tabulated test matrix is 

presented in Appendix 8.2 table 8.3. 
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5 Experimental Results of PCD 

The experimental evaluation of partial catalytic dehydrogenation of ULSK and 

Jet A-1 desulfurized fractions demonstrate the possibilities, but also vulnerabilities of 

hydrogen production for the process concept with rectification and the reference 

concept. The information gained from the experimental study presented in this chapter 

is important for the understanding of dehydrogenation of complex hydrocarbon 

mixtures, and can be used for evaluation of the process. Due to the chemical 

complexity of jet fuel, the model components and model mixtures are used for 

investigation of suitable reaction conditions, which is shown in chapters 5.1 to 5.3. 

With this method of simplification of real jet fuel, detailed product compositions are 

available, which allow deduction of dehydrogenation reactions, side reactions and 

influences of components on each other. These results can also provide the boundary 

conditions of further catalyst development or design of jet fuel for fuel cell APU 

systems provided with hydrogen from PCD. 

5.1 Experimental Evaluation of Reaction Conditions 

The hydrogen output and product composition from PCD of complex hydrocarbon 

mixtures, model mixtures and model components is strongly dependent on the chosen 

reaction conditions. The reaction temperature in the heterogeneous gas phase reaction 

provides the reaction enthalpy for dehydrogenation reactions on the catalyst surface, 

but also can cause undesired cracking reactions to short chain or gaseous 

hydrocarbons. An increased pressure in the reaction system is desired due to the 

design of both concepts, which require product gas cleaning by pressure swing 

adsorption. A pressurized system has a negative influence on the reaction equilibrium 

dependent on the hydrocarbon group and might decrease hydrogen yield. By varying 

the contact time on the catalyst surface, the limitation of dehydrogenation reactions by 

pressure and temperature can be influenced to some extent. The formation of carbon 

on the catalyst surface and by this the deactivation of the catalyst over time is 

unavoidable, since this reaction path is part of the dehydrogenation reactions but can 

be limited by the choice of reaction conditions.  

5.1.1 Evaluation of Reaction Temperature 

First, the two components decane and methylcyclohexane (MCH) are chosen for 

detailed evaluation of process conditions. The cycloalkane MCH is expected to show 

a hydrogen yield with few side reactions, while the n-alkane decane is expected to 

show cracking carbon formation. The influence of reaction conditions on the PCD of 
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these model components can be used for evolution. The influence of reaction 

temperature on decane was tested at a pressure of 1 bar with a 2 sec contact time by 

varying temperature TC1 between 350°C and 500°C. With this chosen contact time, the 

restrictions for the catalyst bed length defined in chapter 4.5.1 are maintained. For 

MCH, the temperature variation was narrowed between 375°C and 450°C. With both 

components, the feed flow was 10 g/h, while the mass of the catalyst bed for decane 

was varied from 3.0 g to 3.7 g and for MCH from 4.5 g to 5.0 g. The difference in catalyst 

bed mass is caused by the different gas densities of the components at reaction 

conditions. The evaporation temperature for decane is determined to be 200°C and for 

MCH at 120°C due to the respective boiling point of each component. In order to 

prevent carbon formation on the metal surface, which would obstruct the capillaries 

of the evaporator, it is important to keep the amount of heat provided to the capillary 

evaporator as low as possible.  

Fig. 5.1 shows the conversion rate of decane, MCH and the carbon formation on the 

catalyst bed [gC/kgCat.] of both components over different operation temperatures TC1. 

The conversion rate of the model components indicates the potential for hydrogen 

output of the component MCH. With decane, an increasing conversion rate can also 

indicate an increase of gaseous side products and carbon formation next to higher 

hydrogen yield. The formation of carbon is an indicator for the deactivation of the 

catalyst bed by occupation of the active sites of the Pt catalyst. With a reaction 

temperature of 400°C, the conversion rate of MCH is 14 times higher than that of 

decane. For decane, the conversion rate increases with reaction temperature except 

from 375 to 400°C. With MCH, the conversion rate decreases by 0.5 % at 450°C in 

comparison to 425°C. At 425°C, the highest conversion of MCH is achieved with 69 %. 
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Fig. 5.1 - Conversion rate [%] and carbon formation on the catalyst [gC/kgcat.] of decane and 

MCH over temperature variation at 1 bar and 2 sec. contact time. 

The comparison between the two components shows that carbon formation is, in 

average, 200 times larger for decane compared to MCH. From 450°C, the increase of 

carbon from decane is most apparent. From 400°C to 425°C, when the conversion of 

MCH is highest, the carbon formation from decane remains beneath 20 gC/kgCat.. 

Therefore, having both the optimum conversion as well as the minimum in carbon 

formation, this temperature range is taken into consideration to choose suitable 

reaction conditions for further tests.  

In Fig. 5.2, the influence of the hydrogen yield of decane and MCH [nlH2/kgfeed] at 

different reaction temperatures, TC1, on conversion rate and carbon formation is 

presented. Further, the yield of saturated and non- saturated gaseous hydrocarbons as 

a sum from C1 to C4 (CnHm) carbon atoms is shown. The progress of the product gas 

yield and product gas concentration over reaction time gives information about how 

side reactions influence the desired dehydrogenation reactions for hydrogen output. 

It is obvious that the deposit of carbon on the catalyst surface causes deactivation and 

a decrease in hydrogen yield from decane with time. With higher reaction 

temperature, the increased conversion rate of decane leads to more hydrogen 

evolution in the beginning of the reaction time. However, with increasing amount of 

carbon deposit on the catalyst, the deactivation is more prominent. In contrast to 

decane, the hydrogen yield from MCH is more constant and up to 5 times higher. 
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Fig. 5.2 - hydrogen yield [nlH2/kgfeed] of decane and MCH, yield of gasous hydrocarbons CnHm 

from decane [nlH2/kgdecane] and hydrogen purity in product gas of decane [vol.-%] 

dehydrogenation over reaction time at different operation temperature  
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Further, gaseous hydrocarbons derived from the cracking reactions of decane increase 

with reaction temperature, and reduce the hydrogen purity of the product gas. The 

decline of hydrogen purity is caused by the constant evolution of gaseous 

hydrocarbons, while the hydrogen yield is decreasing due to catalyst deactivation. The 

reason for the constant evolution of gaseous hydrocarbons can be found by the 

cracking reaction, which can derive from catalytic cracking and from thermal cracking, 

while dehydrogenation has to be catalyzed. Thermal cracking occurs on the hot surface 

of the steel reactor or other hot parts of the test rig, such as the evaporator and hot 

inactive catalyst sites [104], [35], [105]. The presence of hydrogen can even encourage 

cracking reactions by hydrocracking [9]. Therefore, with increasing temperature, more 

reaction products appear and the evolution is almost independent from catalyst 

activity. 

The dehydrogenation of the component MCH shows almost only hydrogen in the 

product gas. Less than 0.01 vol.-% of methane in the product gas composition was 

detected throughout the reaction time at any tested operation temperature. The 

temperature range between 400°C to 450°C is similar. The detected carbon deposit on 

the catalyst leads to a slide degradation of the hydrogen yield over time. The difference 

in hydrogen evolution between the three reaction conditions is made by the conversion 

rate of the MCH, which increases the hydrogen yield, but also carbon formation which 

leads to degradation. At 375°C, the conversion of MCH is 26.5 % less, this is 

represented by the decreased hydrogen yield. Even so, no carbon formation was 

detected with this reaction condition, and therefore a stable reaction progress is 

achieved. At 425°C, the hydrogen yield over time is the highest in the balance between 

conversion rate and catalyst deactivation.  

Condensable product composition: 

Up to 72 different components are detected in the condensate of dehydrogenated 

decane. The reactions involve dehydrogenation to alkenes (Eq. (5.1)), cycloalkanes (Eq. 

(5.2)) and aromatic hydrocarbons (Eq. (5.3)), [106], [87]. Other reactions are 

isomerization to iso-alkanes, cracking to shorter chain hydrocarbons and even carbon 

chain growth to longer chain hydrocarbons than decane. Thus, the formation of 

aromatic hydrocarbons increases the hydrogen yield, since the stoichiometry of the 

reaction allows up to 4 hydrogen molecules to dehydrogenate. 
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dehydrogenation: 2210HC ⇄ 22010 HHC   mol/kJ6.125H0
R   (5.1) 

dehydrocyclisation: 2210HC ⇄ 21810 H2HC   mol/kJ5.36H0
R   (5.2) 

aromatization: 2210HC ⇄ 21410 H4HC   mol/kJ9.235H0
R   (5.3) 

The reaction temperature has a stronger influence on the composition of the 

condensable products and carbon formation, since with rising temperature, formation 

of aromatic hydrocarbons increases. Fig. 5.3 presents the hydrocarbon group 

composition of the condensable product components from decane dehydrogenation at 

different reaction temperatures, 1 bar system pressure and 2 sec of contact time on the 

catalyst. 

 

Fig. 5.3 - condensable product composition of dehydrogenated decane dependent on the 

reaction temperature at 1 bar system pressure and 2 sec of contact time 

The product components accompanying a specific hydrocarbon group are added up 

to alkanes, alkenes, isoalkanes cycloalkanes and aromatic hydrocarbons. The alkane 

products are presented in two separate groups of alkanes with a carbon atom number 

Cn shorter than 10 carbon atoms and longer than 10 Cn. The variation of the 

hydrocarbon group composition with different reaction temperature indicates the 

influence of reaction conditions on the reaction paths. The hydrogen yield is also 

influenced, since with progressive dehydrogenation of decane to aromatic 

hydrocarbons, more hydrogen is evolving. The product hydrocarbon group of alkenes 

is declining with temperature, while the conversion to aromatic hydrocarbons and 

cycloalkanes increases. This indicates that aromatic hydrocarbons are formed by 

dehydrocyclization of decane. With the formation of aromatic hydrocarbons, the 

stoichiometric amount of hydrogen molecules is higher than with the 
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dehydrogenation of alkanes. On the other hand, formation of carbon, as presented in 

other work [107], [66] is caused by aromatic ring condensation, which is formed by 

radical aromatic hydrocarbons. Next to the increased conversion rate of the decane 

with higher reaction temperature, the conversion to more aromatic hydrocarbons 

leads to higher hydrogen yield with decane while the catalyst is still active. The 

identified product alkanes are shorter chain alkanes than decane; meaning hexane, 

heptane and nonane, but also longer chain alkanes of undecane, dodecane and even 

tridecane. This indicates that not only cracking to shorter chain alkanes is possible, but 

also chain growth from radicals. With rising temperature, the distribution of product 

alkanes shifts to more short chain alkanes, which are a product of cracking reactions. 

In summary, with increasing reaction temperature, conversion of decane to aromatic 

hydrocarbons and the formation of shorter chain alkanes increases, while the 

formation of alkenes decreases. As a conclusion, the formation of aromatic 

hydrocarbons leads to more hydrogen evolution, but with further reactions due to 

more carbon deposits, the activity of the catalyst is limited. 

The condensable product composition of dehydrogenated MCH shows, in comparison 

to decane, only few product components. The main product is the aromatic 

hydrocarbon toluene. The reaction equation of MCH to toluene shows that up to 

3 moles of H2 can evolve, Eq. (5.4). The high hydrogen yield of the experiment is 

derived not only from the conversion rate, but also from the amount of hydrogen 

molecules in the aromatization reaction. The maximum possible hydrogen output 

from MCH as a pure component without kinetic limitations can be calculated to 

684.83 nlH2/kgMCH. 

aromatization: 147HC ⇄ 287 H3HC   mol/kJ8.204H0
R   (5.4) 

Several reaction steps take place over cycloalkenes to complete aromatization to 

toluene. For the dehydrogenation of MCH, 4 intermediate components are identified 

in this work in GCMS and GCFID: 4-methylcyclohexene, 3-methylcyclohexene and 1-

methylcyclohexene. Ethylcyclopentane is also detected, which is formed by 

restructuring the molecule structure without dehydrogenation. Usman et al. [108] 

suggests a reaction kinetics of dehydrogenation of MCH on a Pt catalyst, which 

involves intermediate reaction products. The variation of temperature has little 

influence on the reaction path of MCH to toluene. With temperature variation at 1 bar 

and 2 sec of contact time, the turnover of MCH to toluene is at each temperature 93.1 

wt.-% with a maximum variation of 0.3 %. The rest of the product mass is 6.39 wt.-% 

of hydrogen with a variation of 0.2%. With increasing temperature, the amount of 

intermediate products methylcycloalkenes changes from 0.26 wt.-% to 0.87 wt.-% and 
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in average, 0.03 wt.-% is carbon and gaseous hydrocarbons. Within the tested 

temperature range, the reaction progress is influenced by less than 0.5 %.  

Finally, the total hydrogen yield as [gH2/kgfeed] and the carbon deposition on the 

catalyst from decane and MCH are used to define an optimized reaction temperature, 

TC1, for further investigations. The target temperature should allow high hydrogen 

yield with the lowest possible carbon deposit. The ratio of both parameters show a 

maximum at TC1=400°C, see Table 5.1.  

Table 5.1 – hydrogen yield of MCH dehydrogenation and correlation with decane carbon 

formation at different operation temperature in the catalytic bed. 

operation temperature 

TC1 
[°C] 375 400 425 450 

H2 yield [gH2/kgfeed] 28.93 43.40 50.13 49.10 

carbon deposit [gC/kgCat.] 11.60 14.63 18.46 23.29 

ratio [(gH2/kgfeed) / (gC/kgCat.)] 2.49 2.97 2.71 2.11 

 

5.1.2 Evaluation of Pressure and Contact Time 

Since both process concepts described in chapter 1 would primarily run as a 

pressurized system, the influence of pressure is investigated on the model components 

decane and MCH. The goal is to identify reaction conditions under pressure which suit 

the desire of high hydrogen yield and stable reaction progress, while having few side 

reactions. In general, pressure is expected to have a negative influence on 

dehydrogenation reactions, since the thermodynamic equilibrium indicates that 

pressure would shift the reaction towards the educts (Le Chatelier's principle). It is of 

interest to investigate the influence of pressure on the hydrogen yield and the 

production of side products to see if a specific pressure level shows more promising 

results according to requirements of the process concepts. 

The pressure is varied by 1, 3, 5, and 8 bar, initially at 400°C and 2 sec of contact time. 

Further, to influence the conversion rate of the model components toward more 

hydrogen production despite the influence of pressure, the tests are also performed at 

increased contact time of 4 sec on the catalyst. In order to meet the conditions of the 

minimum and maximum length of catalytic bed, the feed flow of decane was increased 

at 3 bar to 20 g/h, and to 40 g/h at 5 and 8 bar. For MCH, a feed flow of 20 g/h and 40 

g/h was used for 5 bar and 8 bar, respectively. Fig. 5.4 shows the conversion rate and 

carbon formation of decane and MCH at different pressures and contact times of 2 and 

4 sec. 
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Fig. 5.4 - conversion rate and carbon formation on the catalyst of decane and MCH with 2 sec 

and 4 sec of contact time over pressure variation at 400°C and 425°C 

Influence of pressure on the conversion rate: 

The conversion rate of MCH declines from 69 % at 1 bar to 10 % at 8 bar at 2 sec. The 

conversion of decane also drops by almost 50 % at 8 bar pressure. In average, an 

increase in contact time raises conversion of decane by 1.5 times. With MCH, an 

increase in contact time leads to higher conversion in the pressure range up to 5 bar. 

At 3 bar, the conversion rate can be influenced by 61 %, and at 8 bar, no additional 

conversion was detected. Between 1 and 8 bar, the conversion rate is gradually 

declining with both components. As a result, no tested pressure level above 1 bar 

shows convenient conversion rates for a pressurized system.  

Nonetheless, a high system pressure for the process concept is desired. A higher 

conversion rate of MCH has to be achieved to raise the amount of hydrogen evolution. 

Therefore, the reaction temperature was raised at 8 bar to 425°C. As a result, the 

conversion rate of MCH is raised by 50 % with 4 sec of contact time, while the 

conversion of decane increases by 22 %. As a conclusion, the increase of temperatures 

together with higher contact time at 8 bar leads to higher conversion rates for both 

components and potentially more hydrogen evolution. 
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Influence of pressure on the carbon formation: 

Pressure clearly has an increasing influence on carbon formation with both 

components. The contact time of 4 sec shows less carbon formation per catalyst mass. 

However, the carbon deposit is strongest at the entrance of the catalyst bed. Therefore, 

the formation of carbon is not equally spread on the catalyst surface. As a result, a 

longer catalyst bed has less carbon deposit downstream and the relative amount of 

carbon to the catalyst becomes smaller. This also leads to a more active catalyst bed 

over time which influences the conversion rate.  

The influence of pressure on both components leads to a decrease of conversion and 

an increase in carbon formation, meaning that a higher percentage of the conversion 

rate runs towards carbon formation. The dependency of carbon formation at higher 

pressure is especially strong with the n-alkane. It follows that with a decreasing 

conversion rate, the hydrogen yield with both components is declining, see Fig. 5.5. 

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 5.5 - hydrogen yield of decane and MCH with 2 sec and 4 sec of contact time over 

pressure variation at 400°C and 425°C at 8 bar 

Influence of pressure on the hydrogen yield: 

Following the declining conversion rate from 1 to bar 8 bar system pressure, the 

hydrogen yield decreases gradually with both components. With MCH, the reaction 

progress is mostly stable despite increasing carbon formation with higher pressure. 

The increase of contact time allows higher hydrogen evolution, which is most 

prominent at 3 bar, since the conversion rate increase was the strongest. The increase 
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of reaction temperature at 8 bar from 400°C to 425°C also follows the conversion rate 

by increasing the hydrogen yield, especially with a contact time of 4 sec. As a 

conclusion, the hydrogen yield from PCD of MCH can be directly influenced by the 

conversion rate, since little of the conversion rate is contributing to side reactions. 

Further, the reactivity of MCH on the catalyst allows stable reaction conditions, despite 

carbon deposited on the catalyst surface.  

The hydrogen evolution of decane also follows the conversion rate and decreases with 

increasing pressure. The increase of contact time leads to more hydrogen evolution. 

Though, the decline of hydrogen yield over time is noticeable, with 2 sec of contact 

time and different pressure, as well as with 1 bar and 4 sec of contact time. At 2 sec of 

contact time, the occupation of the catalyst surface with carbon is stronger than with a 

longer reaction bed, causing the decline of hydrogen yield over time. However, at 

higher pressure and increase of contact time, the reaction progress is more stable. At 8 

bar pressure, an increase of reaction temperature to 425°C shows more hydrogen yield 

and with stable reaction progress. The increase of reaction temperature with decane 

leads to higher carbon formation. This indicates that hydrogen is evolving from carbon 

formation of decane, since the hydrogen yield rises with 4 sec from 400°C to 425°C by 

27.8 %. 

The results of hydrogen yield show that between 1 bar and 8 bar, the hydrogen yield 

decreases gradually with both components. This indicates that for the choice of a 

suitable reaction condition for the process concepts, no tested pressure above 1 bar 

shows advancement over the other. For running a gas cleaning system with pressure 

swing adsorption, the highest tested pressures would be favorable.  

 

Influence of pressure on cracking products: 

Fig. 5.6 shows the hydrogen purity as the average volume content in the product gas 

and the average gaseous hydrocarbon yield over the total reaction time. In comparison 

to temperature variation, the pressure has only a small influence on the evolution of 

gaseous hydrocarbons with decane. With declining hydrogen yield, cracking products 

are also decreasing with rising pressure, which leads to a similar hydrogen purity. 

Cracking reactions appear from catalytic cracking and thermal cracking. With 

increasing pressure, the partial pressure of hydrogen in the reaction system increases, 

and cracking reactions are suppressed. Also, catalyst activity is declining due to carbon 

deposit. An increase of contact time leads to more hydrogen evolution and more 

gaseous hydrocarbons. The catalytic dehydrogenation has a higher contribution to the 

gas products. Therefore, hydrogen purity increases with higher contact time. The 

increase of the reaction temperature to 425°C at 8 bar leads to 70 % more gaseous 
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hydrocarbons, which indicates that cracking reactions are determined from thermal 

cracking as well. Due to increasing carbon formation, less active catalyst surface is 

available, and the hot inactive surface induces a cracking reaction. This negative 

influence can be corrected by increasing contact time, which leads to more hydrogen 

yield. Since more active catalyst is available, more dehydrogenation and fewer 

cracking reactions are evolving. In contrast, with MCH, by increasing pressure, the 

content of gaseous hydrocarbons does not increase. Only with the reactions conditions 

of 8 bar, 400°C and 2 sec of contact time was 0.2% of methane detected in the product 

gas.  

 

Fig. 5.6 – average hydrogen purity and CnHm gas yield over reaction time of dehydrogenated 

decane dependent on pressure and contact time at 400°C and at 425°C with 8 bar 

Influence of pressure on condensable product composition: 

The variation in pressure influences the conversion of MCH to toluene to some extent, 

Fig. 5.7 presents the condensable product distribution of Decane and MCH 

summarized in hydrocarbon groups. The pressure increase shows an increase in 

intermediate cycloalkene products, while the conversion towards toluene is 

suppressed. An increase of contact time can influence the conversion of MCH towards 

more hydrogen yield, which indicates a higher conversion rate toward aromatic 

hydrocarbons.  

With decane, pressure reduces the conversion towards aromatic hydrocarbons, while 

at the same time, the content of cycloalkanes is decreasing. This indicates that 

formation of aromatics occurs over cyclisation of the carbon chain [109]. An increase 

in contact time leads to higher content of aromatic hydrocarbons and cycloalkenes in 

the condensate, while n-alkenes are declining, which contributes to more hydrogen 

output. The increase of temperature to 425°C at 8 bar at 4 sec of contact time shows an 

increase in aromatic hydrocarbons with both components. With increased pressure of 
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5 and 8 bar, the content of n-alkanes products increases, while a higher contact time 

decreases the content. By increasing the reaction temperature, the distribution of 

longer chain and shorter chain alkanes shifts towards shorter chains alkanes, which 

are cracking products. 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 5.7 - condensable product composition of dehydrogenated decane and MCH dependent on 

pressure and contact time at 400°C and at 425°C with 8 bar  

Selection of reaction conditions for further tests: 

In consideration for suitable reaction conditions on model mixtures and kerosene, the 

hydrogen yield, product composition and carbon formation have to be taken into 

account. When testing model mixtures, the carbon deposit of decane can decrease the 

dehydrogenation of MCH and influence the overall hydrogen output. Two operation 

conditions are selected for the model components and model mixtures. The highest 

hydrogen yield and lowest carbon deposit were achieved with 1 bar and reaction 

temperature at 400°C. The influence of contact time at 1 bar is much smaller than with 

increased pressure. The catalyst bed length with 4 sec of contact time would be 6.5 cm 

for decane and 9.3 cm for MCH, which exceeds the defined experimental method 

restrictions. With 2 sec of contact time and with all model components, the bed length 

can be kept under 4.5 cm at 1 bar and 400°C reaction conditions. Between 1 and 8 bar 

at 400°C, the hydrogen yield is decreasing, while carbon formation is increasing with 

both tested model components. An increase of contact time influences hydrogen yield, 
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hydrogen purity and carbon formation in a positive way, in particular with decane. 

Since no optimum pressure for dehydrogenation above 1 bar is experimentally 

obtained, maximum pressure of 8 bar is chosen as the pressure swing adsorption for 

the process concept is more efficient at higher pressure. An increase in reaction 

temperature leads to higher hydrogen yield, which is needed for a sufficient process 

system. The chosen reaction conditions for further testes with model components 

mixtures and kerosene are: 

- Low pressure operation conditions: 1 bar, 400°C and 2 sec contact time and 10 

g/h feed mass stream 

- High pressure operation conditions: 8 bar, 425°C and 4 sec contact time and 40 

g/h feed mass stream. 

5.2 PCD of Model Components 

The two chosen reaction conditions presented above are tested for all eight model 

components representing hydrocarbon groups in ULSK and Jet A-1 fractions. The 

detailed experimental conditions are shown in appendix 8.2 table 8.3. The aim is to 

receive information about hydrogen yield and hydrogen purity, as well as product 

compositions of gaseous and condensable products for evaluation of possible reaction 

path to integrate into process simulation. By these experimental results, both reaction 

conditions can be further evaluated as to their suitability for the process concepts.  

  



5.2. PCD of Model Components 63 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 5.8 - conversion rate, carbon formation by mass of feed, hydrogen purity and gaseous 

hydrocarbon yield of model components at two defined reaction conditions of PCD 

Fig. 5.8, presents the conversion rate, the carbon formation by the mass of feed, 

hydrogen purity and average gaseous hydrocarbon yield over the reaction time. The 

cycloalkane decalin shows similar results to MCH, but at higher pressure the 

formation of carbon is increasing with decalin and more gaseous side products are 

evolving. Another noticeable difference between MCH and decalin is that the 

conversion rate of decalin is not influenced by the reaction conditions as much as 

MCH.  

All alkanes show a decrease with carbon formation and an increase of gaseous 

hydrocarbons at higher pressure. Nonane has very similar results to decane, but 

dodecane shows a higher conversion rate at a lower pressure of 1 bar. The increase of 

gaseous hydrocarbons at higher pressure leads to a decline of hydrogen purity with 

nonane and dodecan. But with dodecane, the hydrogen purity decreases with higher 

pressure reaction conditions, which can be derived from the decreased conversion 

rate, which contributes more towards cracking than with the other two alkanes. With 

nonane and decane, the increased hydrogen pressure suppresses carbon formation, 

but leads to cracking products. The model component isooctane has a high evolution 

of gaseous hydrocarbons at low pressure, which also decreases hydrogen purity. 

However with 8 bar, the cracking to gaseous side products is suppressed but carbon 
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formation increases. The aromatic hydrocarbons p-xylene and n-butylbenzene show 

little conversion rate, which contributes strongly to carbon formation and evolution to 

gaseous hydrocarbons, which is reducing hydrogen purity from the hydrogen in the 

test rig.  

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig.5.9 – hydrogen yield of PCD of model components at two defined reaction conditions 

The conversion rate of the model components is followed by the hydrogen yield, 

which is presented in Fig. 5.9. The hydrogen yield of decalin at higher pressure 

reaction condition is reduced by 34 % of the hydrogen yield at 1 bar reaction condition. 

The n-alkanes nonane and decane show similar hydrogen output at high pressure 

reaction condition. At 1 bar reaction conditions, dodecane has the highest hydrogen 

yield. With 8 bar reaction conditions, the hydrogen yield increases with nonane, 

remains the same with decane and decrease with dodecane. Isooctane shows a rapid 

decrease in hydrogen yield over reaction time at higher pressure reaction conditions, 

which is caused by catalyst deactivation. The aromatic hydrocarbon p-xylene shows 

no hydrogen evolution, while with the component n-buytlbenzene, hydrogen yield is 

an average of 8 nlH2/kgfeed, which does not differ between the two reaction conditions. 

Gaseous product composition of model components: 

The detailed gaseous product distribution of all model components is presented in 

table 5.2. 
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Gaseous product composition of model components: 

The detailed gaseous product distribution of all model components is presented in 

Table 5.2– gaseous product distribution of model components with two reaction conditions 

model component 
H2 CH4 C2H4 C2H6 C3H6 C3H8 C4H10 

[vol.-%] 

MCH 

1 bar 

400°C 

2 sec 

100.0       

decalin 99.92 0.08      

nonane 95.85 2.71 0.40 0.69 0.20 0.15  

decane 97.70 0.99 0.10 0.53 0.11 0.42 0.15 

dodecane 99.11 0.73 0.02 0.08 0.01 0.04 0.01 

isooctane 86.93 13.07      

p-xylene 76.91 23.09      

n-

butylbenzene 
94.94 4.23  0.76 0.07   

MCH 

8 bar 

425°C 

4 sec 

99.96 0.04      

decalin 99.94 0.06      

nonane 97.83 0.88 0.19 0.67 0.12 0.31  

decane 98.49 0.51 0.44 0.08 0.21 0.01 0.26 

dodecane 90.60 1.49 0.49 1.62 0.39 0.81 4.61 

isooctane 98.80 1.14    0.06  

p-xylene 71.73 28.27      

n-

butylbenzene 
96.62 0.94  1.96 0.15 0.32  

 

Since the n-alkane nonane shows less hydrogen yield with 1 bar reaction conditions, 

more of the conversion rate contributes toward cracking reactions, mostly methane. At 

higher pressure in the system, more longer saturated hydrocarbons with longer carbon 

chain are detected. With dodecane, less hydrogen is produced at high pressure and the 

conversion contributes more towards the gaseous cracking product butane (C4H10).  

With isooctane, the only cracking product detected was methane at low pressure 

reaction condition, while at higher pressure, propane was also produced. The gaseous 

product distribution of the aromatic hydrocarbons depends strongly on the amount of 

product gas evolving, which is almost zero by the end of the test run. Therefore, the 

distribution contains hydrogen from the startup phase of the experiment. With p-
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xylene, only methane was detected, but the component n-butylbenzene also shows 

longer chain hydrocarbons cracked from the butane side branch of the aromatic 

hydrocarbons. With increased pressure, less methane and especially longer chain 

gaseous hydrocarbons appear. 

The increase of longer chain saturated hydrocarbons in the gas phase leads to the 

assumption that different types of cracking reactions occur with higher hydrogen 

pressure than at lower pressure. With lower pressure, thermal cracking on the hot 

surfaces dominates, while at higher pressure, the partial pressure of hydrogen is much 

higher and hydrocracking, a catalyzed reaction, is more common. This can be derived 

from the increasing amount of saturated gaseous hydrocarbons that appear from an 

increased amount of C2 to C4 carbon chain length cracking. At temperatures above 

300°C and pressurized hydrogen, long chain alkanes are cracked to shorter chain 

alkanes [9], [110]. 

Condensable products composition of model components: 

The mass distribution of the condensable products from PCD of pure model 

components is presented in table 5.3. The detected products in the condensate are 

summarized according to their affiliation to hydrocarbon groups. 

The conversion product of cis/trans- decalin by aromatization is naphthalene, with the 

intermediate product tetralin [24], see Eq. (5.5) and (5.6). 

reaction to tetralin: 1810HC ⇄ 21210 H3HC   mol/kJ9.209H0
R   (5.5) 

reaction to 

naphthalene: 1810HC ⇄ 2810 H5HC   mol/kJ2.333H0
R   (5.6) 

With 1 bar reaction conditions, almost 70 % of all converted decalin is fully 

dehydrogenated to naphthalene. With increased pressure at 8 bar, the aromatization 

is slightly decreased. 

The liquid product distribution of dehydrogenated alkanes shows less aromatic 

hydrocarbon and more n-alkene products with higher pressure. The 

dehydrocyclization reactions would lead to more hydrogen evolution than 

dehydrogenation. Isomerization reactions are also common with alkanes, where no 

hydrogen is evolved, but the chemical structure of the molecule changes. With higher 

pressure, more isomers are produced. This demands more energy for the reaction 

enthalpy towards reactions without hydrogen evolution. 
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Table 5.3 – condensable product mass distribution of model components at two different 

reactions conditions 

model component 

n-

alkanes 

iso-

alkanes 

n-

alkenes 

iso-

alkenes 

cyclo-

alkanes 

cyclo-

alkenes 

aromatic 

hydro-

carbons 

[wt.-%] 

MCH 

1 bar 

400°C 

2 sec 

     0.28 99.72 

decalin      30.13 69.87 

nonane 0.52 4.21 43.43  3.62  48.22 

decane 11.32 0 40.96  14.09  33.63 

dodecane 4.92 2.98 68.17  0.14  23.80 

isooctane    100    

p-xylene       100 

butylbenzene       100 

MCH 

8 bar 

425°C 

4 sec 

    0.03 1.62 98.35 

decalin      33.14 66.86 

nonane 4.59 5.72 54.70  2.89  32.11 

decane 13.21 3.05 60.24  5.60  17.90 

dodecane 7.60 4.63 72.90  2.47  12.40 

isooctane    99.45 0.55   

p-xylene       100 

butylbenzene      0.28 99.72 

 

The conversion of isooctane contributes with both reaction conditions towards a few 

iso-alkenes, meaning: 2,4,4-Trimethyl-1-pentene, 2,4,4-Trimethyl-2-pentene, 2,3,4-

Trimethyl- pentene and 3,5-Dimethyl-1-hexene. With aromatic hydrocarbons, the 

conversion of p-xylene and n-butylbenzene mostly contributes toward carbon 

formation. Since carbon is not detected in GCFID, the conversion of aromatic 

hydrocarbons cannot be calculated by the turnover of the feed to the condensate. 

Therefore, the conversion is calculated from the products content, not from the change 

of mass content of the feed. The detailed liquid products detected in GCMS and GCFID 

of all model components are presented in the appendix 8.4 together with the 

components identified in Jet A-1 and ULSK. The distribution of the liquid products in 

the single component tests are used to define model reactions for the modeling of the 

dehydrogenation reactor in the process simulation for both process concepts. 
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The results show that most hydrogen evolution can be expected from cycloalkanes. For 

the dehydrogenation of model mixtures, it is of interest for the process concepts to 

achieve high conversion rate of the model components representing cyclolalkanes. 

Other components can influence the conversion of cycloalkanes by catalyst 

deactivation through carbon formation and decrease hydrogen purity by cracking 

reactions. The experimental results of single components PCD tests show that the 

highest hydrogen potential would be available with the lower pressure reaction 

conditions. The influence of the components on each other in model mixtures has to be 

obtained in order to decide about the most suitable reaction condition for the process 

concepts. 

5.3 PCD of Model Mixtures, ULSK and Jet A-1 Fractions 

In the next step, the model components are tested in the two ULSK model mixtures, 

and the two model fractions designed for the evaluation of the process. The model 

mixtures are tested at the two chosen reaction conditions. The highest hydrogen output 

can be expected from MCH at 1 bar. The influence of other hydrocarbon groups can 

decrease these conversions and hydrogen output of this cycloalkane. To identify which 

hydrocarbon group has the most influence on the conversion rate of MCH due to 

catalyst deactivation and side reactions, three tests with two- component- mixtures are 

performed at 1 bar reaction condition. One of which is MCH, and the second is another 

component representing a different hydrocarbon group.  

5.3.1 PCD of Two Component Mixtures 

For the two- component- mixtures, the same four model components are used as with 

the four- component ULSK model mixtures, which are presented in chapter 3.4.2. The 

compositions are defined after the relative content of the hydrocarbon group 

cycloalkanes to the other three hydrocarbon groups. The three mixtures are prepared 

and tested with 55.7 wt.-% MCH with 44.3 wt.-% p-xylene (dotted line), 49.7 wt.-% 

MCH with 50.3 wt.-% isooctane (solid line) and 53.9 wt.-% MCH with 46.1 wt.-% 

decane (broken line). The difference in hydrogen yield indicates the influence on MCH, 

since this component would have the highest contribution to the hydrogen evolution, 

see Fig. 5.10. 

Although the aromatic hydrocarbon p-xylene causes a lot of carbon formation with 

pure component tests, the mixture with MCH shows the most stable reaction progress, 

high hydrogen yield and moderate carbon formation, see table 5.4. The hydrogen 

output from MCH as a pure component with 1 bar reaction conditions is 476.7 
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nlH2/kgMCH. The stream of MCH is half of the pure component test, while the hydrogen 

yield is a third of the hydrogen yield of MCH as a pure component. The component p-

xylene influences the conversion of MCH. The decreased partial pressure of the more 

reactive component MCH leads to less conversion on the catalyst. On the other hand, 

the influence of p-xylene on the catalyst is also decreased. Overall, the evolution of 

gaseous hydrocarbons is very small and hardly affects the hydrogen purity of the 

product gas. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 5.10 - hydrogen yield and yield of gaseous hydrocarbons over reaction time of 

2-components mixtures at 1 bar reaction conditions 

With isooctane, and especially with decane, the results are different. The hydrogen 

yield, mostly produced from MCH, strongly decreases, as well as the conversion rate 

of MCH. With decane as second component, the amount of product gas decreases 

rapidly. The drop of the gaseous hydrocarbons at 230 min is caused by too little gas 

formation, which leads to leakage at the GCTCD. The only gaseous hydrocarbon 

detected in the product gas was methane for p-xylene and isooctane mixtures. In 

addition to this, with the decane mixture, 0.1 vol-% of ethane also was registered. Most 

cracking products appear with decane, while with p-xylene, the highest hydrogen 

purity is achieved. The results of pure isooctane would lead to the conclusion that most 

cracking should appear with this 2-component mixture, though decane and isooctane 

show similar gaseous hydrocarbon yield.   
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The conversion rates of the components within the mixtures, carbon formation and 

average hydrogen purity over reaction time is presented in table 5.4. 

Table 5.4 - Conversion rate and carbon formation of MCH in 2- component mixtures 

two- component mixtures 
pure 

MCH 

p-xylene/ 

MCH 

isooctane/ 

MCH 

decane/ 

MCH 

conversion rate of 

MCH 
[%] 68.0 44.9 21.34 12.16 

conversion rate of 

second 

component 

[%]  -  0.07 13.05 3.89 

carbon formation [gC/kgfeed] 0.26 0.33 0.27 0.58 

H2 purity [vol.-%] 100.0 99.99 99.7 99.37 

 

Carbon formation with decane is doubled when compared to the other two mixtures, 

causing stronger deactivation over time. The conversion of decane must lead to carbon 

formation which occupies the catalyst surface. Further the declined partial pressure of 

MCH on the catalyst surface leads to less conversion of the cycloalkane. On the other 

hand, the component p-xylene shows very little conversion, which leads to the 

conclusion that the aromatic hydrocarbon has only a small influence on conversion of 

the cycloalkane. Iso-alkanes and especially n-alkanes occupy the catalyst by carbon 

formation and occupation of the active sites on the catalyst. 

5.3.2 PCD of Four Component Model Mixture 

The four- component model mixture described in chapter 3.4.2 is tested with the two 

defined reaction conditions. The content of each component in the mixture is MCH 

27.5 wt.-%, decane 23.8 wt.-%, isooctane 28.2 wt.-% and p-xylene 20.5 wt.-%. 

Fig. 5.11, illustrates the hydrogen yield, gaseous hydrocarbon yield and hydrogen 

purity of the four- component model mixture over reaction time. Considering that pure 

MCH has an almost three times higher hydrogen yield with low pressure reaction 

conditions than at 8 bar, it was expected that with 1 bar reaction conditions, the 

hydrogen yield would be higher. However, the partial pressure of each component has 

to be taken into consideration. The concentration of the component MCH is about a 

quarter of what it would be as a pure component, therefore, contact with the catalyst 

surface is less likely. With 8 bar pressure, the partial pressure of MCH is 2 bar and 

therefore the contact with active sites is more likely. Further, the gaseous hydrocarbons 

caused by thermal cracking evolve stronger with lower pressure. Considering the 
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single component results, most gaseous cracking products at 1 bar reaction conditions 

can be derived from isooctane and decane conversion. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 5.11 -hydrogen yield, yield of gaseous hydrocarbons and hydrogen purity over reaction 

time of the 4- component model mixture’s two different reaction conditions 

At higher pressure, the partial pressure of hydrogen, especially in the beginning of the 

experiment, is much higher, thus cracking reactions are suppressed. This influences 

the product gas purity of hydrogen. At 1 bar reaction condition, the hydrogen purity 

declines in the end of the experimental time to 95 vol.-%. With 8 bar reaction condition, 

a purity of 99 vol.-% is preserved. Table 5.5 presents the detailed gaseous product 

distribution of the average time on stream. At higher pressure, less methane but more 

saturated hydrocarbons are detected, which can be derived from the increased 

hydrogen partial pressure in the system. With pure component tests also different type 
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of cracking products were detected. At lower pressure more products from thermal 

cracking to methane can be seen while at higher pressure more longer chain 

hydrocarbons from hydrocracking are detected. Both types of cracking have been 

observed with hydrocarbons at similar conditions by different authors.[111], [112]. 

Table 5.5- average gaseous product concentration over the total time on stream of 4- 

component model mixture at two different reaction conditions 

four componente 

model mixture 

H2 CH4 C2H4 C2H6 C3H6 C3H8 C4H10 

[vol.-%] 

1 bar, 400°C, 2 sec 96.47 0.49  0.05    

8 bar, 425°C, 4 sec 99.48 0.18  0.11  0.04  

 

The results of hydrogen yield are also confirmed by the conversion rate of the 

components in the model mixture, see Fig 5.12. The conversion of all components, 

especially MCH, is much higher with 8 bar reaction condition.  

 
Fig. 5.12 - conversion rate of components and total conversion in 4- component model 

mixture at two different reaction conditions 

With MCH, the conversion has almost tripled, while with decane it is 1.6 times higher. 

With isooctane it is 2.4 times higher and p-xylene conversion does not change. The 

increased conversion of the components also contributes to carbon formation on the 

catalyst. With 8 bar reaction condition, the carbon formation is much higher with 18.53 

gC/kgcat. than at 1 bar with 9.9 gC/kgCat..However, since the amount of catalyst with both 

reaction conditions is very similar (4.2 g with 8 bar and 4.1 g with 1 bar), the carbon 

formation per feed mass is with 8 bar only half of the carbon formation with 1 bar (0.35 

gC/kgfeed at 8bar and 0.72 gC/kgfeed at 1 bar). Due to the single components results, it is 

assumed that most carbon formation is produced from decane and p-xylene 

conversion. At 8 bar reaction conditions, the partial pressure of the components is 
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increased, additionally the contact time on the catalyst surface extended. Both factors 

lead to a higher conversion rate and more hydrogen output, but also to more carbon 

deposit on the catalyst surface. The formation of carbon and cracking products show a 

correlation with model mixtures and pure component tests. With increased evolution 

of cracking products also more carbon per feed mass is produced. The mechanism to 

carbon formation leads over radical formation which are produced from cracking 

reactions [36]. Next to the hydrogen yield and stability of the reaction, the composition 

of the dehydrogenated fuel is of interest for evaluation. Table 5.6 shows the 

composition of the dehydrogenated four component model mixture. With 8 bar 

reaction condition, where the hydrogen yield is the highest, the formation of aromatic 

hydrocarbons changes the composition to a greater extent than with the low pressure 

reaction conditions.  

Table 5.6 - composition of liquid hydrocarbons of dehydrogenated 4- component model 

mixture at two different reaction conditions 

four 

componente 

model 

mixture 

n-

alkanes 

n-

alkenes 

iso-

alkanes 

iso-

alkenes 

cyclo-

alkanes 

cyclo-

alkenes 

aromatic 

hydrocarbons 

[wt.-%] 

1 bar, 

400°C, 2 sec 
22.14 0.76 28.20 0.13 24.98 0.18 23.60 

8 bar, 

425°C, 4 sec 
21.62 0.54 26.46 0.23 19.40 0.02 31.74 

 

The formation of cycloalkanes, which are the primary stage to formation of aromatic 

hydrocarbons, is higher with 1 bar reaction condition, while more aromatic 

hydrocarbons evolve from cycloalkanes with 8 bar reaction condition. The promotion 

of formation of aromatic hydrocarbons is most likely also leading towards higher 

carbon deposit. The aromatic hydrocarbon content in the condensate of the 8 bar 

reaction condition would exceed the aviation restrictions of Jet A-1 specification [113]. 

Thus, the dehydrogenated fuel requires mixing with the original fuel to comply with 

specifications for jet engine combustion. The experimental evaluation of the four 

component model mixture leads to the conclusion that the high pressure reaction 

conditions are more suitable for the dehydrogenation process concept. The hydrogen 

yield and the hydrogen purity can be expected to be higher than with lower pressure 

reaction conditions.   
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5.3.3 PCD of ULSK Model Mixture 

In this step, the ULSK model mixture with 8 components, designed for the evaluation 

of the process concept, is experimentally investigated. The results of the four 

component model mixture shows that a higher hydrogen yield can be expected with 8 

bar reaction conditions (black solid line). This result is not expected from 

thermodynamic equilibrium and must be derived from kinetic influence due to contact 

time and reaction temperature. To confirm the previous experimental investigation, 

the ULSK model mixture is tested with both reaction conditions. Further, the influence 

of sulfur components on the hydrogen yield and stability of conversion is investigated 

by adding 3 ppmw sulfur (S) with the component benzothiophen to the ULSK model 

mixture (grey solid line). The sulfur component is chosen from the average boiling 

range of sulfur components in Jet A -1 [96]. Fig. 13 shows the experimental results of 

the product gas yield and hydrogen purity over reaction time.  
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Fig. 5.13 - hydrogen yield, yield of gaseous hydrocarbons and hydrogen purity over reaction 

time of the ULSK model mixtures at two different reaction conditions and ULSK model 

mixture with 3 ppmw of sulfur at 8 bar reaction conditions  

The hydrogen yield of the ULSK model mixture shows a higher stability in hydrogen 

evolution over time at 8 bar reaction conditions than at lower pressure. Therefore, the 

test with the sulfur containing ULSK model mixture was performed at 8 bar reaction 

condition. It is expected that sulfur has a deactivating impact on the catalyst. With only 

3 ppmw S, the reactivity of the catalyst is already declining rapidly over time. It even 

shows less hydrogen yield than the sulfur- free model mixture at 1 bar reaction 

condition (black broken line). In comparison to the less complex four- component 

model mixture, the hydrogen yield at 8 bar reaction conditions without sulfur shows 

better stability and slightly higher hydrogen yield. Also at 1 bar reaction condition, the 

average hydrogen yield of the four component mixture is only 24 % of the ULSK model 
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mixture. The content of cycloalkanes is the same with both model mixtures, but with 

ULSK model mixture, decalin is part of the composition, which showed in single 

model component tests less influence by the different reaction conditions than MCH.  

Furthermore, the evolution of gaseous side products shows similar results for both 

reaction conditions without sulfur content. With 8 bar reaction conditions, the yield of 

gaseous hydrocarbons is 4 % higher. Due to the higher hydrogen yield of 8 bar reaction 

condition, the hydrogen purity remains at a higher level than with 1 bar reaction 

condition. Other than with the four component model mixture, the content of Isooctane 

is much smaller, since the model mixture is designed to fit the molar mass of the real 

ULSK. The influence of cracking products at lower pressure from isooctane is therefore 

decreased. Most cracking products appear from n-alkanes, which show more cracking 

product at higher pressure in the single component test. 

With sulfur content, not only the average time on stream hydrogen yield, but also 

cracking products from alkanes and iso- alkanes are decreased by 19 % in comparison 

to the 8 bar reaction condition without sulfur. This leads to the conclusion that cracking 

reactions are not only caused by thermal cracking, but are also catalyzed. Any type of 

catalyzed reaction is decreased due to the deactivation of the actives sites of the catalyst 

by sulfur poisoning. The hydrogen purity of the product gas follows the hydrogen 

yield. Although less gaseous hydrocarbons are produced, the decline of hydrogen 

yield leads to less hydrogen purity than with the other two experiments. 

Table 5.7, shows the distribution of the gaseous products of the total evolved product 

gas. The main outcome of cracking products is methane with 1 bar reaction condition, 

and the 8 bar reaction condition with sulfur. With the sulfur containing model mixture, 

more ethane is produced. When the hydrogen yield is high at 8 bar reaction condition, 

less methane but longer chain saturated hydrocarbons are detected in the product gas. 
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Table 5.7 – average gaseous product concentration over the total time on stream of ULSK 

model mixture at two reaction conditions and 3 ppmw sulfur containing ULSK model 

mixtures at 8 bar reaction condition 

ULSK Model 

Mixture 

H2 CH4 C2H4 C2H6 C3H6 C3H8 C4H10 

[vol.-%] 

1 bar, 400°C, 2 sec 99.25 0.68  0.07    

8 bar, 425°C, 4 sec 99.57 0.23  0.14  0.06  

8 bar, 425°C 4 sec 

with 3 ppmw S 
98.85 0.61  0.42  0.12  

 

Gaseous hydrocarbons are caused by both, hydro cracking and thermal cracking. With 

declining activity of the catalyst, the contribution of cracking products to product gas 

composition increases, since less hydrogen is produced.  

Fig. 5.14, presents the conversion rate of the model components of the model 

mixture. The conversion is indicating which components are responsible for the 

evolution of hydrogen and side products. 

 

 

 

 

 

 

 

 

 

 

Fig. 5.14 - conversion rate of model components and total conversion in ULSK model mixture 

at two different reaction conditions and 3 ppmw sulfur containing ULSK model mixtures at 

8 bar reaction condition 

The conversion of the cycloalkanes is highest with 8 bar reaction conditions without 

sulfur. The cycloalkane MCH converts to toluol. The model component decalin is 

available as an isomeric mixture of trans- and cis- decalin, with a ratio of 60 wt.-% to 

40 wt.-%. The conversion rate of the isomers differs by which cis-decalin shows higher 
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conversion. Decalin is converting to naphthalene with the intermediate product of 

tetralin. The amount of hydrogen evolution also depends on the stage of aromatization 

of the cycloalkanes. In the ULSK model mixture with 1 bar reaction condition, 83 % of 

total converted decalin is fully dehydrogenated to naphthalene. At higher pressure, 

86.8 % of the converted decalin dehydrogenates to naphthalene. With the sulfur 

containing ULSK model mixture, the stage of aromatization of decalin decreases 

strongly. Only 71.7 % of converted decalin has dehydrogenated to naphthalene.  

The conversion of n-alkanes is higher at 1 bar than at 8 bar. With sulfur, the conversion 

rate increases slightly, which causes more cracking reactions. The contribution of the 

conversion rate to cracking products must be higher, since more gaseous side products 

are detected. With the sulfur containing model mixture, the conversion of alkanes is 

increased in comparison to the experiment without sulfur. Isooctane is also a source of 

gaseous hydrocarbons and has the highest conversion at 1 bar. Aromatic hydrocarbons 

show in general little conversion, which mostly leads to cracking products and carbon 

formation. The total conversion of the ULSK model mixture is between 8 to 12 %.  

Table 5.8, shows the carbon formation on the catalyst surface and the contribution of 

the feed stream to the carbon formation. Comparable to the previous experiments, the 

carbon formation per feed stream is decreasing with higher pressure, since the feed 

stream is four times higher with higher pressure. The total amount of carbon detected 

is higher with increased pressure. The amount of catalyst is similar with both reaction 

conditions, therefore more carbon is found on the catalyst surface at high pressure 

reaction conditions. 

Table 5.8 – carbon formation on the catalyst and by feed mass of ULSK model mixture and 

two different reaction conditions and ULSK model mixture with 3 ppmw sulfur at 8 bar 

reaction condition 

carbon 

formation 
1 bar, 400°C, 2 sec 8 bar, 425°C, 4 sec 

8 bar 425°C, 4 sec,  

3 ppmw S 

gC/kgcat. 16.40 22.23 35.7 

gC/kgfeed 1.04 0.36 0.53 

 

With the sulfur containing model mixtures, the carbon formation is increased once 

more at 8 bar reaction condition. The formation of carbon on catalyst can be derived 

from literature [114], [115], [116], [117]. Since the catalyst is deactivating due to 

formation of platinum sulfide (PtS2), carbon formation is not catalyzed, but caused by 

thermal dissociation of the hydrocarbons of the feed. Instead of catalyzing the 
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dehydrogenation reaction, the deactivated hot surface of the catalyst causes the 

hydrocarbons to decompose to carbon and hydrogen over formation of condensed 

aromatic hydrocarbons. The formation of carbon can also be observed on other metal 

surfaces of the test rig, especially at the evaporator, which is built of stainless steel. A 

temperature above 350°C and active centers on metal surface are enough to cause 

carbon formation by thermal dissociation of hydrocarbons in fuels. 

The composition of aromatic hydrocarbons of the dehydrogenated model mixtures 

confirms the conversion rate of the model components, see table 5.9. With increasing 

conversion rate, the content of cycloalkanes is decreasing, while the content of 

aromatic hydrocarbons is increasing in the same manner. The conversion of n-alkanes 

also contributes to the formation of aromatic hydrocarbons, since components can be 

found in the condensates of the experiment, which are found in the single model 

component experiments with n-alkanes. At lower pressure, the dehydrogenation to 

alkenes is higher than at increased pressure.  

Table 5.9 - composition of liquid hydrocarbons of dehydrogenated ULSK model mixture at 

two different reaction conditions 

ULSK 

model 

mixture 

n-

alkanes 

n-

alkenes 

iso-

alkanes 

iso-

alkenes 

cyclo-

alkanes 

cyclo-

alkenes 

aromatic 

hydrocarbons 

[wt.-%] 

1 bar, 

400°C, 2 sec 
44.47 2.03 3.48 0.02 20.59 0.97 28.44 

8 bar, 

425°C, 4 sec 
46.37 0.67 3.72 0.04 18.09 1.00 30.11 

8 bar, 

425°C, 4sec, 

3 ppmw S 

44.36 0.95 3.71 0.02 23.77 0.70 26.49 

 

The results of the experimental dehydrogenation of the ULSK model mixture confirm 

the results of the four component model mixture. The most promising reaction 

condition for the process concept with ULSK is at higher pressure of 8 bar, due to the 

hydrogen yield and hydrogen purity. Though, the content of sulfur containing 

components is also of great concern to the stability of the process, since even 3 ppmw 

S lead to rapid catalyst deactivation. Sulfur deactivation cannot be avoided with 

regular jet fuel unless a catalyst is developed that shows sulfur resistance. 

Furthermore, the content of long chain alkanes is a factor leading to carbon formation, 

which also occupies the active sites on the catalyst. This formation of carbon on the 
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catalyst can be reduced by choosing a catalyst support and an additional promotor 

metal decreasing acid sites. Furthermore, the carbon formation on the surface of the 

reactor and other operational parts with high temperature can be reduced by choosing 

a coating on the alloy or other construction material that suits the conditions, but does 

not offer metal active sites for thermal carbon formation. 

Concluding, although a high content of cycloalkanes is of interest for the hydrogen 

evolution, the composition of the dehydrogenated model mixtures shows a high 

content of aromatic hydrocarbons due to conversion of cycloalkanes, which is 

exceeding aviation restrictions. Also, the content of n-alkenes is specifically limited by 

2 vol.-% for Jet A-1. This has to be taken into consideration when using the 

dehydrogenated fuel for aircraft propulsion. 

5.3.4 PCD of Ultra- Low- Sulfur Kerosene (ULSK) 

In the next step, real ULSK and Jet A-1 fractions are dehydrogenated in the test rig. 

First, two different reaction conditions are tested with ULSK to observe if these show 

similar tendencies of gaseous product results in comparison to the ULSK model 

mixture. Furthermore, the actual ULSK fuel is evaluated by its potential of hydrogen 

yield, hydrogen purity and reaction stability of PCD for the process concept. With the 

results from the ULSK model mixtures and the actual ULSK, one reaction condition is 

chosen for further tests with Jet A-1 desulfurized fractions and Jet A-1 fraction model 

mixtures. The gaseous product results of the ULSK model mixture with 3 ppmw S 

(grey solid line) are compared directly with the real ULSK at 8 bar reactions condition 

(black solid line) in Fig. 5.15, in order to demonstrate the comparability of the PCD of 

the ULSK model mixtures with real ULSK. The product results from the ULSK model 

mixtures are used for evaluation of the reference process. 
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Fig. 5.15 - hydrogen yield, yield of gaseous hydrocarbons and hydrogen purity over reaction 

time of ULSK at 1 bar and 8 bar reaction conditions and ULSK model mixture with 3 ppmw 

S at 8 bar reaction conditions 

Comparing the hydrogen yield of ULSK at 1 bar (black broken line) and 8 bar shows 

the similar pattern as with the previous model mixtures. The hydrogen yield can be 

increased with higher contact time and reaction temperatur. The average yield of 

gaseous side products is comparable with both reaction conditions. Cracking reactions 

are not influenced by increased hydrogen pressure. Due to the higher hydrogen yield, 

the hydrogen purity is also slightly increased at 8 bar. However, after 120 minutes, 

almost no hydrogen is produced due to catalyst deactivation. This leads to a steep 

decline of hydrogen purity with both reaction conditions over time, since only gaseous 

hydrocarbons are still produced. The average concentration in the first 120 minutes of 

reaction time show similarities to the ULSK model mixture, see table 5.10. With low 

pressure reaction conditions, only methane is detected as a cracking product, while 

with higher pressure, further saturated gaseous cracking products are detected.  
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Table 5.10 – average gaseous product concentration of ULSK at two reaction conditions in the 

first 120 min of reaction time 

ULSK 
H2 CH4 C2H4 C2H6 C3H6 C3H8 C4H10 

[vol.-%] 

1 bar, 

400°C, 2 sec 
99.37 0.63      

8 bar 425°C, 

4 sec 
99.75 0.16  0.06  0.03  

 

The PCD of the ULSK model mixture with 3 ppmw sulfur starts out with a comparable 

level of hydrogen yield, but cracking products appear later, 30 minutes into the 

reaction time. The degradation slope is 50% less steep than with the real ULSK. This 

allows the conclusion that not only the content of sulfur in the fuel causes degradation, 

but also the content of hydrocarbons, which are not considered in the model mixture. 

An indication of which components cause the strong degradation is shown in table 

5.11, where the carbon formation of the real ULSK is enhanced in comparison to the 

model mixture.  

Table 5.11 - carbon formation on the catalyst and by feed mass of ULSK  

carbon deposit 1 bar, 400°C, 2 sec 8 bar 425°C, 4 sec 

gC/kgcat. 19.36 42.03 

gC/kgfeed 1.23 0.67 

 

The longest carbon chain in the ULSK model mixtures is dodecane with 12 carbon 

atoms. The composition of hydrocarbons in the real ULSK shows that 4.57 wt.-% of all 

identified components have more than 12 carbon atoms, of which 2.75 wt.-% are n-

alkanes and 1.51 wt.-% iso-alkanes. With regular Jet A-1, the content of hydrocarbons 

with more than 12 carbon atoms is much higher at 15.33 wt.-%. Since long chain 

hydrocarbons are more likely to cause carbon formation due to thermal dissociation, 

the content of longer chain hydrocarbons in the real fuel causes the deactivation by 

carbon deposit on the catalyst. Additional long chain n-alkanes are more likely to 

produce gaseous hydrocarbons by cracking reactions. This can be observed with the 

single component tests by comparing the cracking products from nonane, decane and 

dodecane. 

Avoiding carbon formation should be a priority to advance PCD of fuels next to sulfur 

resistance of the catalyst. Due to the complexity of the ULSK, with a hydrocarbon 
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composition of 200 detected peaks, a detailed conversion rate is not available, since 

products and feed components are frequently overlapping in the chromatography 

analysis. The conversion rate is estimated by the turnover of the summarized peak area 

from ULSK to dehydrogenated ULSK. For the 1 bar reaction conditions, a total 

conversion rate of 9 % is estimated, while for the 8 bar reaction condition, a conversion 

rate of 11 % is estimated for the total reaction time of 330 minutes. Most of the 

conversion likely contributes toward cracking products and carbon formation rather 

than towards hydrogen production. 

5.3.5 PCD of Jet A-1 Fractions 

The reaction condition chosen for experimental evaluation of the Jet A-1 fraction is 8 

bar, since tests of model mixtures and ULSK show a higher hydrogen yield at increased 

pressure. The six fractions between 5 wt.-% and 30 wt.-% are produced by thermal 

distillation in the lab scale batch rectification, with a sulfur content of 5.3 to 26 ppmw 

S. The distribution of hydrocarbon groups in the fractions is moved towards a higher 

content of cycloalkanes and less aromatic hydrocarbons. Furthermore, the content of 

long chain hydrocarbons with more than 12 carbon atoms is strongly reduced in 

comparison to Jet A-1. With increasing distillated mass fraction, the distribution of 

hydrocarbon groups, carbon atom number and sulfur content become more similar to 

regular Jet A-1. As seen in the experimental test of ULSK and ULSK model mixture in 

chapter 5.3.4, sulfur has a significant influence on the catalyst activity and reaction 

stability. Therefore, it is of use to choose Jet A-1 fractions with little sulfur content. For 

the process concept with rectification, the energy demand for the desulfurization is 

important to the system efficiency. Since the total kerosene mass stream has to be 

heated to boiling temperature for the rectification, but only a certain percentage can be 

used for dehydrogenation, the ratio of heat demand to distillated mass is advancing 

with higher distillated mass ratio. Though, with suitable heat integration of the 

rectification process, the influence on the system efficiency can be limited. The PCD 

tests of Jet A-1 fractions are performed to choose suitable fractions for the process 

concept with rectification. The hydrocarbon composition of the fraction is then used to 

design model mixtures. The evaluation criteria are hydrogen yield and hydrogen 

purity. Furthermore, it is of interest to choose a fraction of high distilled mass for the 

process concept, which contradicts with the sulfur content. Therefore, the distribution 

of hydrocarbons in the mass fraction is also important to the hydrogen yield, which is 

the key figure for choosing a suitable fraction. Fig 5.16, presents the gaseous product 

yields and hydrogen purity over reaction time of six different Jet A-1 fractions at 8 bar 

reaction condition.  
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Fig. 5.16 - hydrogen yield, yield of gaseous hydrocarbons and hydrogen purity over reaction 

time of Jet A-1 fraction at 8 bar reaction condition 

The experiments were performed for 330 minutes, identical to the previous 

experiments. Since the hydrogen and gaseous hydrocarbon yield is decreasing 

strongly over time, the first 120 minutes of the reaction time are presented to 

emphasize the difference of the fractions when the catalyst is still active and gaseous 

products are produced. The deactivation of the catalytic reaction follows the same 

pattern as with ULSK, where sulfur poisoning and carbon formation are responsible. 

With increasing sulfur content and distillated mass of the fraction, the hydrogen yield 

is declining more rapidly over time. The 5 wt.-% fraction has the highest potential for 

hydrogen yield, since the content of cycloalkanes is the highest. The 10 wt.-% fraction, 

with the second highest amount of cycloalkanes shows, in average, slightly higher 
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hydrogen yield, while less cracking products are detected. These results were 

confirmed in a repetition of the experiments. The main reason for this behavior is 

found in the detailed composition of the fractions. The second main difference in 

compositions next to the difference in hydrocarbon distribution is that more 

hydrocarbons are found with less than nine carbon atoms in the  

5 wt.-% fractions. In the comparison of single component tests with nonane and 

decane, more cracking products appeared with the shorter chain alkane, while with 

dodecane, cracking also increased in comparison to decane. The increase of cracking 

to saturated shorter chain alkanes and gaseous hydrocarbons consumes hydrogen, as 

well as carbon chain growing to longer chain alkanes. The break point is ten carbon 

atoms. The hydrogen purity of 5 wt.-% fraction shows the strongest reduction due to 

the highest cracking product yield.  

The average hydrogen yield for the first 120 minutes between 15 to 30 wt.-% is 

decreasing with increasing mass content of sulfur and distillate mass fraction. The 

deactivation of the catalyst shows also effects on the cracking products. After 120 min, 

the yield of detected gaseous hydrocarbons has declined strongly with all fractions and 

reaches a common average value of 0.3 Nl/kgfeed. With the 25 to 30 wt.-% fraction, the 

gaseous product yields are the lowest. Therefore, these fractions are not taken into 

consideration for model mixtures. Between 15 and 20 wt.-% fractions, more cracking 

products appear with 15 wt.-%, which leads to slightly lower hydrogen purity than 

20 wt.-% fraction, while the hydrogen yield is still higher with  

15 wt.-% fraction. All experiments start out at 100 vol.-% hydrogen with little cracking 

reaction taking place. When gaseous hydrocarbons are evolving, the hydrogen purity 

decreases over time. Since more gaseous reaction products are evolved with less sulfur 

poisoning the hydrogen purity declines with less sulfur. The most common detected 

cracking products are methane and ethane, see table 5.12.  
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Table 5.12 - average gaseous product concentration of Jet A-1 fractions at 8 bar reaction 

condition in the first 120 min of reaction time 

Jet A-1 

fractions 

H2 CH4 C2H4 C2H6 C3H6 C3H8 C4H10 

[vol.-%] 

5 

wt.-% 

98.56 0.92  0.32    

10 99.38 0.44  0.11  0.06  

15 99.32 0.46  0.14  0.08  

20 99.49 0.33  0.12    

25 99.83 0.13  0.04    

30 99.83 0.13  0.04    

 

The gradient of catalyst activity can also be followed by the carbon formation on the 

catalyst surface, or per feed mass stream presented in table 5.13.  

Table 5.13 - carbon formation on the catalyst and by feed mass of Jet A-1 fractions 8 bar 

reaction condition after 330 min of reaction time 

carbon deposit 5 wt.-% 10 wt.-% 15 wt.-% 20 wt.-% 25 wt.-% 30 wt.-% 

ppmw S 5.33 8.15 11.33 15.36 21.80 26.0 

gC/kgcat. 25.03 26.25 31.14 31.72 46.03 52.27 

gC/kgfeed 0.44 0.50 0.52 0.55 0.82 0.91 

 

With increasing mass fraction, the amount of carbon deposit increases and deactivates 

the catalyst. The content of long chain hydrocarbons increases with the distillated 

mass, which causes more carbon formation on an inactive catalyst by sulfur poisoning.  

The 10 wt.-% fraction is chosen for the experimental evolution as the model mixture, 

since it shows the highest potential for the process concept with rectification. 

Furthermore, a model mixture for the 20 wt.-% fraction is defined, since it is of interest 

for the efficiency of the process to choose a fraction with the mass percentage being as 

high as possible. The influences on the system efficiency of the hydrogen yield and 

distillated fraction are presented in chapter 6.  

5.3.6 PCD of Jet A-1 Fraction Model Mixtures 

The two chosen Jet A-1 fractions, 10 wt.-% and 20 wt.-%, are prepared as model 

mixtures for experimental evaluation. The composition of the fraction model mixtures 

is presented in chapter 3. Both model mixtures are also tested with the equivalent 
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content of sulfur to the real Jet A-1 fractions of 8 and 15 ppmw by adding 

benzothiophen to the feed. The main differences in the composition of the model 

mixtures are the content of MCH and decalin, and the content of the n-alkanes, where 

much more nonane is added to 10 wt.-% fraction model mixture. Dodecane was only 

added to the 20 wt.-% fraction model mixture. The results of the gaseous products of 

the four model mixtures are presented in Fig. 5.17.  

As expected, the 10 wt.-% fraction model mixture shows the highest hydrogen yield 

with stable reaction course over time (black solid line). The average hydrogen yield 

126.4 nl/kgfeed is used as a target value for the process concept with rectification. With 

high reactivity as well, the yield of cracking products is the highest, since nonane is the 

main hydrocarbon in the mixture. With additional sulfur, the effect of catalyst 

poisoning is immediately noticeable (grey solid line). Not only does the reaction begin 

with a lower level of hydrogen yield, but also a clear slope caused by catalyst 

deactivation is detected. With less catalyst activity, less cracking products are detected 

in the gas phase. Further, hydrogen purity is decreasing much stronger due to less 

hydrogen production.  
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Fig. 5.17 - hydrogen yield, yield of gaseous hydrocarbons and hydrogen purity over reaction 

time of 10 wt.-% model fraction with and without 8 ppmw sulfur (S) and 20 wt.-% model 

fraction with and without 15 ppmw sulfur (S) 

The 20 wt.-% fraction also shows a stable reaction course over time (black broken line), 

but at a lower level of hydrogen and cracking products yield, which follows the 

tendency of the real Jet A-1 fractions. The content of cycloalkanes in both fractions only 

differ by 0.91%, but 4.75 % more of n-alkanes are with the 20 wt.-% fraction model 

mixture. The content of alkanes influences both carbon formation and the evolution of 

hydrogen by dehydrogenation. These components decrease the conversion of 

cycloalkanes which is shown with PCD of two component mixtures in chapter 5.3.1. 

With the addition of 15 ppmw sulfur, the activity of the catalyst decreases over time. 

Unlike the 10 wt.-% fraction model mixtures, the yield of gaseous hydrocarbons 
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remain the same with additional sulfur, which it most likely caused by the content of 

dodecane showing a similar conversion rate. The influence of sulfur is with both 

fraction model mixtures weaker on the hydrogen yield as with ULSK model mixture, 

which is derived from the differences in composition. With higher cycloalkane content, 

hydrogen is more likely to be produced, even with a gradually deactivating catalyst. 

The composition of product gas in table 5.14 shows that hydrogen purity is decreasing 

due to higher content of methane and ethane with the sulfur containing model 

mixtures.  

Table 5.14 - average gaseous product concentration of 10 wt- % and 20 wt.-% fraction model 

with and without sulfur content at 8 bar reaction condition 

fraction H2 CH4 C2H4 C2H6 C3H6 C3H8 C4H10 

model mixture [vol.-%] 

10 wt.-% 99.73 0.12  0.11  0.04  

10 wt.-% 

8 ppmw S 
99.63 0.29  0.08    

20 wt.-% 99.57 0.25  0.14  0.04  

20 wt.-% 

15 ppmw S 
99.24 0.61  0.15    

 

Further, the cracking product of propane disappears with additional sulfur, which 

might be caused by deactivation of the catalyst. With sulfur, the catalyst surface is 

deactivated and catalyzed cracking is declining. However, due to the hot but inactive 

catalyst, surface thermal cracking is more likely. The results of the gaseous products 

are confirmed by the conversion rate of the model components, presented in Fig 5.18.  
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Fig 5.18 - conversion rate of model components and total conversion in fraction model 

mixture with and without sulfur at 8 bar reaction condition 

The cycloalkanes, which contribute most to the hydrogen yield, are converted 

strongest with the 10 wt.-% fraction model mixture. Little carbon formation and no 

sulfur lead to a highly active catalyst. Therefore, not only the content of cycloalkanes 

is important, but also the deactivation of the catalyst by undesired side reactions and 

catalyst poisoning, respectively. The content of sulfur and higher content of n-alkanes 

with the 20 wt.-% fraction model mixtures decrease the activity and the conversion rate 

of cycloalkanes.  

The content of decalin makes a difference in the aromatization toward naphthalene, 

which evolves most hydrogen. With the 10 wt.-% fraction model mixture, 70.44 % of 

the conversion of decalin contributes towards naphthalene. The rest is tetralin. With 8 

ppmw sulfur, the rate does not differ by much with 69.17 %. The sulfur deactivation 

does not influence the rate towards aromatization. But with the 20 wt.-% fraction 

model mixtures, the rate towards naphthalene is even 86.89 %. Sulfur deactivation 

decreases the rate to 79.60 %. The factor of partial pressure on the catalyst, and 

competition of other hydrocarbon groups have a great influence on the conversion, as 

well as carbon formation and sulfur poisoning 

The distribution of condensable products of the four experiments is presented in table 

5.15, which follows the conversion rate of the model components in the feed. With high 

conversion of cycloalkanes, more aromatic hydrocarbons and intermediate products 

of cyclalkenes are detected. With sulfur content, the conversion of n-alkanes has 

increased, which also contributes to more n-alkenes and towards aromatic 

hydrocarbons and iso-alkenes. From n-alkanes conversion of the 10 wt.-% fraction 

model mixture, 1.66 wt.-% aromatic hydrocarbons are produced. With sulfur, the 
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conversion towards aromatic hydrocarbons even increases by 3.38 wt.-%. With 20 wt.-

% fraction model mixtures, 0.1 wt.-% of n-alkanes conversion can be found as aromatic 

hydrocarbons, and with sulfur, 0.39 wt.-% of aromatic hydrocarbons from n-alkanes 

are identified. The content of iso-alkanes is even higher in the condensable products, 

although isooctane has been converted. Most iso - alkanes can be derived from nonane 

and decane, since the iso - alkanes can also be found in the single components test.  

Table 5.15 - composition of liquid hydrocarbons of dehydrogenated fraction model mixture 

with and without sulfur at 8 bar reaction condition 

Fraction 
n-

alkanes 

n-

alkenes 

iso-

alkanes 

iso-

alkenes 

cyclo-

alkanes 

cyclo-

alkenes 

aromatic 

hydrocarbons 

Model 

Mixture 
[wt.-%] 

10 wt.- % 38.32 0.53 3.14 0.05 15.19 3.56 39.22 

10wt.-%, 

8 ppmw S 
35.87 0.63 3.24 0.01 24.90 2.17 33.17 

20 wt.-%  44.23 0.83 1.25  22.42 0.99 30.28 

20 wt.-%,  

15 ppmw S 
44.06 0.83 1.25  27.58 0.76 25.51 

 

With the content of sulfur, more carbon formation is detected. Since it is assumed that 

carbon formation on the catalyst surface is derived from aromatization and poly-

aromatization of n-alkanes, the higher conversion and contribution towards aromatics 

of alkanes are most likely a cause of the carbon formation [118]. The deposition of 

carbon on the catalyst surface and the formation per feed mass is presented in table 

5.16.  

Table 5.16 - carbon formation on the catalyst by feed mass of 10 and 20 wt.-% fraction model 

mixture with and without sulfur at 8 bar reaction condition  

 10 wt.-% model mixture 20 wt.-% model mixture 

carbon 

formation 
- 8 ppmw S - 15 ppmw S 

gC/kgcat. 17.58 22.42 20.27 27.89 

gC/kgfeed 0.33 0.42 0.35 0.48 
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The conversion of aromatics p-xylene and n-butylbenzene contribute towards other 

aromatic hydrocarbons, cracking products and, mostly likely, also towards carbon 

formation. 

For the process concept with rectification, the results of the 10 wt.-% faction model 

mixture are most promising. But with higher mass content on the 20 wt.-% fraction 

model mixture, the system efficiency has to be evaluated first in the process simulation. 

5.4 Summary and Conclusion of the Experimental Evaluation of PCD 

The objective of the experimental evolution of partial catalytic dehydrogenation of jet 

fuel, model mixture and model components was first to find suitable reaction 

conditions which fit the boundary conditions of the process concepts for an APU fuel 

cell system. This requires high hydrogen yield, hydrogen purity and stability of the 

reaction course in a pressurized system in order to integrate a pressure swing 

adsorption for product gas conditioning.  

The second aim was to learn about product composition, dehydrogenation reactions 

and side reactions leading to cracking products of the different hydrocarbon groups in 

the jet fuel. It is also of interest how hydrocarbon groups influence each other in 

perspective of hydrogen evolution, carbon formation and cracking products. This 

information is used to develop simplified reaction schemes for the defined model 

components in jet fuel model mixtures for the specified reaction conditions to integrate 

into the process simulation in the following chapter. With the design of the simplified 

dehydrogenation reactor for the process concepts, the heat demand of the reactor is 

calculated by the heat of reactions, which is then used for heat and material integration 

and, finally, for efficiency evaluation.  

The complexity of the Jet A-1 fractions and ultra- low- sulfur kerosene required the use 

of model components and model mixtures in order to investigate the product 

composition and influence of hydrocarbon groups on hydrogen yield and undesired 

side reactions. The results of the single component tests showed that the n-alkanes can 

cause carbon formation over dehydrocyclization to aromatic and poly aromatic 

hydrocarbons. Further, they are a source of gaseous cracking products. Increased 

system pressure and temperature can enhance these side reactions depending on the 

hydrocarbon chain length. The model component isooctane also causes cracking 

products, but this reaction can be suppressed under high hydrogen pressure. The 

content of cycloalkanes is important to hydrogen evolution, since they are the main 

source of hydrogen through aromatization. A pressurized system reduces conversion 

as single components, but with a model mixture and complex jet fuel, higher 
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conversion can be expected due to the increased partial pressure on the catalyst 

surface. Aromatic hydrocarbons do not show high reactivity. Cracking products and 

carbon formation is mostly detectable for these components. The model mixtures show 

promising hydrogen yield and stable reaction course with the reaction condition of 8 

bar pressure, 425°C reaction temperature and contact time on the catalyst of 4 seconds. 

The content of sulfur deactivates the catalyst surfaces and leads to a reduction of 

hydrogen yield over reaction time, which is followed by increasing carbon formation 

on the deactivated catalyst surface, enhancing the catalyst deactivation. 

The PCD tests of real ULSK and Jet A-1 fractions showed a strong decline of reactivity, 

which leads to almost complete catalyst deactivation after 120 minutes of reaction time. 

This is caused not only by sulfur poisoning, but also by the carbon formation of the 

long chain hydrocarbons found in the real fuel, which are not part of the model 

mixtures. Since no stable reaction course can be achieved with real ULSK and Jet A-1 

fractions, the stable results of the model mixture have to be used for evolution of the 

process concepts. Therefore, the calculated efficiencies are a result of advanced catalyst 

performance, where deactivation by sulfur poisoning and carbon formation is avoided. 

The detailed product composition of the single component tests, and the results of 

conversion rates, hydrogen yield and cracking products of the model mixtures are 

used to define simplified reactions for the simulation of the process concepts. These 

lead to the hydrogen output and product gas quality detected in experimental work. 

Further, the liquid product composition allows the evolution of the dehydrogenated 

fuel. Since the dehydrogenation of cycloalkanes and alkanes lead to formation of 

aromatic hydrocarbons, the composition of the dehydrogenated jet fuel would exceed 

aviation restrictions. This is of interest to further use of fuel for combustion and 

propulsion on board an aircraft.  
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6 Process Simulation 

The partial catalytic dehydrogenation of ULSK and Jet A-1 fractions is used for process 

concepts, which are developed for APU applications. A process simulation can be used 

to design a heat and material integrated APU system which can be evaluated by its 

efficiency. The process simulation is introduced in the flow sheet simulation tool 

Aspen Plus, which is a powerful tool for chemical process design. Single model 

elements like reactors, heat exchangers, distillation columns, etc. can be individually 

configured and connected with material, heat and work streams. The database allows 

the choice of a large number of thermodynamic property methods to calculate the 

conditions of the model elements. The Method for heat integration of the process 

concepts is the Pinch- Analysis, where the increase of system efficiency is obtained by 

setting thermodynamic targets of heat recovery. For the synthesis of a heat exchanger 

network, the enthalpy streams of each system are extracted from the flow sheet 

simulation and used to generate preliminary thermodynamic targets for maximum 

heat recovery. In a second step, a most satisfactory final heat exchanger grid is 

designed individually for each concept [119], [120].  

The chemical complexity of kerosene shows the need for simplification to use 

experimental data in a process simulation. Therefore, data from the experimentally 

investigated model mixtures are introduced and simplified dehydrogenation reactions 

are defined in the process simulation tool. The method of defining the 

dehydrogenation reactions is described in this chapter. The flow sheet simulation is 

used to evaluate the process concepts for APU applications, which is the scope of the 

dehydrogenation process developed. 

The two process concepts develop in this work are the process concept with 

rectification and the reference concept which is provided with ULSK. Both concepts 

are described in detail in the introduction in chapter 1.1. The main difference with both 

concepts is the rectification which leads to different input specifications for the model 

mixture and especially the amount of fuel that needs to be preheated and recycled in 

the system.  

The experimental study of the Jet A-1 fractions shows that hydrogen yield is different 

with different mass fraction and regular ULSK due to diverse chemical composition. 

Next to suitable heat integration, the system efficiency depends strongly on the 

hydrogen yield, since it is the main output of the process. The heat demand of the 

reboiler with the rectification has to be considered with the heat integration. For the 
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reference concept, only the feed input stream has to be prepared for the reactor. The 

heat demand for both systems will be explained in detail in chapter 6.4.  

6.1 Modelling of Kerosene in Aspen Plus 

Within the process simulation, three different models of the kerosene are used. To 

calculate the reactions and the heat demand of the dehydrogenation reactor, “real” 

components are selected from the Aspen Plus database, PURE10, to describe the 

composition of the model mixtures. These components are defined by chemical and 

thermodynamic properties, such as the molecular structure and the Gibbs free energy. 

For the reference concept, a model mixture of ULSK is entered in the flow sheet 

simulation, while for the process concept with rectification, fraction model mixtures 

for 10 wt.- % and 20 wt.-% were used. This real component model mixture differs in 

physical properties to ULSK and Jet A-1 fractions, especially with evaporation. 

Therefore, the heat demand for vaporization in the reference process and rectification 

with the process concept is calculated with pseudo components. The pseudo 

components are defined by physical properties of kerosene, such as boiling behavior 

and density of the fuel, but do not describe chemical properties or the distilled weight 

fraction at a specific boiling point. The properties of the pseudo components for Jet A-

1 are generated in Aspen Plus by implementing the boiling range measured according 

to ASTM D2887, the mass density of 0.7987 kg/dm3 and the molar weight of 150 g/mol. 

This input is used by Aspen Plus to generate by default 10 pseudo components by 

breaking the boiling range according to ASTM D 2887 into 11 cuts, which are the same 

as the input boiling range data, see Fig. 6.1.  
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Fig. 6.1 - boiling range implemented in flow sheet simulation with generated boiling point 

cuts and boiling point temperatures of pseudo components 

The middle point of each cut is used as the “true” boiling point of the pseudo 

component. The boiling points and physical properties of the 10 pseudo components 

are presented in table 6.1. For generating the pseudo components of ULSK for the 

reference process, the calculated boiling point curve which is presented in chapter 4.1 

was integrated in Aspen Plus with 11 boiling points between 0 and 100 wt.-% of 

distillated mass. The sulfur content is neglected since no desulfurization process is 

needed. Further, no sulfur is introduced into any model mixture used in Aspen Plus, 

since no stable reaction conditions were achieved with sulfur containing mixtures in 

the experimental study. The properties of the ULSK pseudo components are presented 

in appendix 8.4 table 8.5.  

Next to the modelling of Jet A-1 in the flow sheet simulation, the modelling of the 

rectification in the flow sheet simulation is important to the heat demand calculation 

of rectification. The input specifications for the process concept are obtained from the 

properties of the laboratory rectification column. These specifications have to be 

adapted from a non-ideal batch rectification, to continuous model rectification in 

Aspen Plus. The sulfur contents in the distillated mass fractions of the experiment are 

used for these adjustments. In addition, the sulfur content in the kerosene fractions can 

be estimated for any mass fraction in the flow sheet simulation. Aspen Plus allows the 

adjustment of the property curves to the pseudo components. This allows tying the 

content of sulfur to the single pseudo components. However, the sulfur content 

measured in the consecutive fractions during distillation is attached to the fractionated 

mass in the experimental work, and does not match the mass and the true boiling 

points of the pseudo components. To achieve a sulfur distillation curve similar to the 
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experimental study, the sulfur content has to be adjusted to the properties of the 

pseudo components. For the experimental distillation, 13 distilled fractions are 

extracted with the laboratory batch rectification. The sulfur contents of the 13 

experimental fractions are not compatible with the 10 pseudo components. In order to 

adjust the amount of experimental fractions to the simulation, the 13 mass fractions 

with their total sulfur contents are reduced to 10 fractions by polynomial curve fitting 

in MatLab®. In the next step, a 10 by 10 Matrix of pseudo components with 10 mass 

fractions between 10 wt.-% and 100 wt.-% is generated in Aspen Plus by sensitivity 

analysis with the rectification model Radfrac. The design rectification model Radfrac 

is described in chapter 6.3. The matrix and fitted sulfur distillation curve as a vector is 

used to solve a linear equation system. Since the solution would also involve negative 

values, the linear system is solved with nonlinear curve- fitting function (lsqcurvefit) 

where only positive values are allowed. The vector solution is then the fitted sulfur 

content of each pseudo component, see table 6.1. The sulfur content of the pseudo 

component mixture is used to develop the rectification model and adjust the properties 

of the model to the experimental results of the rectification. 

Table.6.1 - physical properties and fitted sulfur content of pseudo components for Jet A-1 

pseudo 

components 

boiling 

point 

mass 

density 

molecular 

weight 

mass 

content 

fitted 

sulfur 

content 

 [°C] [kg/dm3] [g/mol] [wt-%] [ppmw] 

PC157C 156.97 0.77 122.19 0.36 0.0 

PC164C 164.42 0.78 126.31 5.09 0.0 

PC175C 175.28 0.78 132.57 9.42 0.0 

PC184C 184.21 0.79 137.87 20.36 0.0 

PC195C 194.65 0.79 144.27 14.02 58.50 

PC205C 204.53 0.80 150.54 12.71 224.17 

PC214C 214.20 0.80 156.86 10.12 141.30 

PC227C 227.08 0.81 165.59 11.57 203.84 

PC239C 238.62 0.82 173.71 7.15 702.93 

PC265C 265.06 0.83 193.42 9.21 1146.74 
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6.2 Modeling of the Rectification Process 

The column operation model chosen to obtain the rectification is the Aspen Plus 

RadFrac model. It is relevant for all types of multistage vapor- liquid fractionation 

operations and suitable for narrow boiling systems. By defining the minimum input 

specification of flow rate, stage number, reflux ratio, distillation to feed ratio and 

column pressure, the reboiler heat duty and condenser duty are calculated. The 

mathematical description of a distillation process in a rectification column is the 

theoretical stage method. For each theoretical stage j and component i, the mass 

balance (6.1), enthalpy balance (6.2), and vapor liquid equilibrium coefficient (6.3) 

equation of the individual pseudo components is described under steady state 

conditions.  

0vVlLfFvVlL j,iji,jjj,ij1j,i1j1j,i1j  
  (6.1) 

0QQQHVhLHFHVHL losssmixv,ijl,jjj,fjv,1j1jl,1j1j  
  (6.2) 

i

i
i

v

l
K   (6.3) 

Where V  is the mole flow of the vapor, L  is mole flow of the liquid and F  is the feed 

mole flow, while l, v, f are the mole fraction in liquid, vapor and feed. The molar 

enthalpy of the corresponding streams is represented by H. Qmix is the heat of mixing, 

Qs the external heat source and Qloss represents the heat losses. Fig. 6.2 presents a 

general scheme of a column stage [121], [32]. 

 

 

 

 

 

 

 

 

 

Fig.6.2 - Scheme of a column stage 

The selection of a thermodynamic method for the calculation of the equilibrium 

coefficient is an important step for simulation accuracy. Aspen Plus provides a number 
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of thermodynamic models. The equation of state property method chosen for this 

rectification model is developed especially for hydrocarbon mixtures, and mainly 

suitable for pseudo components. The Braun K10 property method, an activity 

coefficient model, is suitable for heavier hydrocarbons at pressures under 10 bar and 

temperatures from 170°C to 430°C and is described in the Aspen Physical Property 

System 2009 [121], [122]. To calculate the partial vapor pressure, a modified Antoine 

equitation is used. Here, A, B, C, D, E and F are fitted substance specific coefficients for 

real components and pseudo components, Eq. (6.4). 

F
i ETTlnD

CT

B
Apln 


  (6.4) 

The Radfrac model is designed as a regular one distillation column with one feed 

stream, a partial condenser at the top stage, and a reboiler at the bottom stage. 

Typically, the inlet of the column is chosen at the middle stage. The input data available 

to design the RadFrac model is from the experimental batch rectification. Although, 

heat losses of the laboratory rectification are not considered in the simulation model.  

Further, with the batch rectification, the composition of feed respective the still 

changes over time, while the feed stream of the simulation model being performed 

with steady feed composition. This leads to an increasing enthalpy demand with the 

batch rectification, decreasing pressure over time. Both factors lead to a worse sulfur 

separation with the experimental test set up. Physical properties, boiling temperature 

distribution and molar mass (10 wt.-% pseudo fraction 132.2 g/mol and 20 wt.-% 

pseudo fraction 134.4 g/mol) of the fraction of the simulated pseudo component 

fraction will differ from the experimental values. To calculate the heat demand of the 

simulated rectification, the distillated mass fraction and the reflux reaction of the 

column is integrated in the flow sheet simulation at specific pressure, defined at 1 bar. 

The variable input data is the reflux ratio, which is determined for the Radfrac model 

by fitting the sulfur distillation curve of the experimental data to the simulated sulfur 

distillation curve. 

The experimental Vigreux column does not have a regulated reflux ratio. First, a 

RadFrac column is laid out to fit the features of the experimental set up. The initial 

value for the reboiler duty is given at 300 W and the feed flow is set at 1.2 kg. Further, 

the distillation mass flow rate is estimated for the experiment and defined at 0.475 

kg/h. The number of stages of the experimental Vigreux column is estimated to be 14, 

including the bottom and the top stage. These 14 stages are used as input to the 

simulation. Increasing the number of stages beyond 14 does not show a meaningful 
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improvement in distillation selectivity of the sulfur content in the distillated fraction. 

The feed flow enters at stage seven. With a sensitivity analysis, the reboiler heat duty 

is varied at different reflux ratios, while the mass flow rate is calculated by the Radfrac 

model. With the RadFrac model running at 1 bar and the phase equilibrium calculated 

with a reflux ratio of 2.7, the sulfur content of the distillated mass fraction [wt.-%] 

meets the experiment sulfur distillation curve, see Fig. 6.3. 

 

Fig. 6.3 – comparison of experiments and simulated sulfur distillation curve of rectification 

and the boiling temperature distribution of 10 and 20 wt.-% pseudo component fraction 

With the input data of the reflux ratio available, the rectification model is used to adjust 

flow rates and distillation to feed ratio to calculate the energy demand within the 

process concept.  

6.3 Modelling of Dehydrogenation Process 

The partial catalytic dehydrogenation of a multi component mixture has many various 

reaction paths which influence each other. The reactions and products appearing 

depend on the feed mixture and reaction conditions. All reactions are endothermic. 

The experimental results show that dehydrogenation of a hydrocarbon mixture is 

strongly dependent on kinetics, and is far from thermodynamic equilibrium. The 

reaction kinetics of a PCD of multi- components mixtures is unknown. Although, the 

conversion rate and stoichiometry of the feed components towards defined products 

is available from experimental data. Therefore, the reactor model RStoic in Aspen Plus 

is chosen to be suitable for calculating the heat demand of dehydrogenation within the 

process concept. RStoic calculates the heat of reaction from the heats of formation in 
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the database by the enthalpy difference based on the conversion of the reference 

reactant selected for each reaction at reference conditions (temperature 25°C, pressure 

1 atm, fluid phase is vapor phase). The method of calculating the heat of reaction and 

the heat content in the gas streams, as well as the separation of condensable product 

components and gaseous products are chosen from the Aspen Plus property methods 

system. The heat demand of the dehydrogenation reactor is calculated from the 

turnover of the input component and defined products, no kinetic data is involved. 

This limits the calculation to specified reaction conditions, which is the same as defined 

in the experimental work: 425°C and 8 bar pressure. This condition is chosen to be 

suitable for the process concept by making a compromise between hydrogen yield, 

stable product gas flow and a pressurized system for gas cleaning. The 

dehydrogenation of model mixture in the experiment leads to a product distribution 

of up to 110 different products. Not all of these product components are available in 

the Aspen Plus database. Therefore, simplified reaction schemes are introduced into 

RStoic to calculate the heat demand of the dehydrogenation reactor. 

6.3.1 Property Methods for Vapor-Liquid Equilibrium 

The choice of the property method depends on the problem specification. The vapor 

liquid equilibrium calculated in this flow sheet simulation has to express the condition 

of a complex mixture consisting of hydrogen, light hydrocarbons and heavier 

hydrocarbons. The property method describes the condition state functions of 

pressure, temperature and volume in gas and liquid phase of a thermodynamic 

system. 

To calculate the heat of reaction, the reaction enthalpy is corrected by a cubic equation 

of state to take into account the pressure deviation from the ideal gas law. The reaction 

enthalpy has to be completed with a real gas term. 

Standard enthalpy of reaction of component j: 

dTc)T(H)T(H
T

T

0
j,pj0

0
R

0
R

0

  (6.5) 

Reaction enthalpy at isothermal conditions with real gas supplement 

  j,p,Tidj0
0
RR )HH()p,T(H)p,T(H  (6.6) 
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Next to the reaction enthalpy, the vapor liquid equilibrium of the non-ideal mixture of 

hydrocarbons and hydrogen has to be calculated with real gas equation of state, which 

is derived from Van-der-Waals equation of state. All reactors, heat exchangers and 

condensers with “real” components are calculated with the Soave-Redlich-Kwong 

equation of state (SRK). With an additional temperature dependent term, the Van-der-

Waals equation is exceeded with accuracy above the critical temperature Tc for any 

pressure [123].  

)bV(V

a

bV

RT
p

mmm 





  (6.8) 

The molar Volume Vm is derived from the compressibility factor z. 

RT

pV
z m  (6.9) 

The parameter “a” is the measure of attraction between molecules and “b” the volume 

excluded by a mole of molecules. Both parameters are derived from enthalpy of mixing 

rules by Huron and Vidal. The quadratic mixing terms for SRK are retrieved from the 

thermodynamic property method script in Aspen Plus. The parameter “ “ considers 

the deviation of molecules from ideal cubic form by including the acentric factor . 

25.0
r

2 )]T1)(176.057.148.0(1[   (6.10) 
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Comparable results with vapor liquid equilibrium can be achieved with Peng- 

Robinson equation of state, which is also derived from the Van- der- Waals equation 

of state [124].  

While all process elements involving real component mixtures are calculated with SRK 

equation of state, the heat demand for evaporation and rectification of pseudo 

components is calculated with Braun K10 property method. 
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6.3.2 Integration of Model Mixtures in Process Simulation 

The complex reaction system of kerosene dehydrogenation enforces strong 

simplification to embed a PCD reactor in flow sheet simulation. The complex mixture 

of kerosene is introduced as a simplified model mixture. Different model mixtures are 

used to represent the chemical composition of ULSK in the reference concept, and the 

10 wt.-% and 20 wt.-% Jet A-1 fractions for the process concept with rectification. The 

composition of the model mixtures and their properties are described in chapter 4.3. 

The model mixture fractions 10 wt.-% and 20 wt.-% for the process simulation differ in 

their hydrogen yield due to the differences in composition. The hydrogen output of 

the model fractions is not only dependent on the cycloalkane content, but also on the 

content of longer chain hydrocarbons. By introducing the experimental results in the 

model reactor the difference in hydrogen output leads to different thermal efficiency 

of process concepts. 

In the flow sheets of both process concepts, kerosene is first introduced as pseudo 

components to ensure calculation of the heat demand and compressor performance in 

order to obtain kerosene at process conditions. Before the feed stream enters the PCD 

reactor, the composition of the stream is switched to the respective real component 

model mixtures, while the stream conditions of temperature, pressure and mass flow 

are copied from the pseudo component stream. To implement dehydrogenation 

reactions of model mixture, experimental information is needed about liquid and 

gaseous product composition, carbon formation and component conversion rate. Since 

the alkane components nonane, decane and dodecane used in the model mixtures can 

result in to 72 different liquid product species, a strong simplification of chosen 

reaction paths is necessary. For defining the reaction products and reactions for the 

process simulation, the product information from the single components experimental 

tests is used. 

First, the composition of the hydrocarbon groups of the liquid product components 

are analyzed and arranged by their carbon atom number, see chapter 4. In this way, an 

overview is gained of product distribution. Then, the mass content of different 

hydrocarbon groups is summarized by adding the components by their carbon atom 

number. The carbon atom number with the biggest share in the hydrocarbon group is 

chosen to be the one with the summarized mass content. In this way, a maximum of 

one or two liquid products per hydrocarbon group have to be picked from the list of 

detected products if available in the Aspen database. Alkanes and Alkenes are usually 

available in the database, unlike detected aromatic hydrocarbons, cylcoalkanes or iso- 

alkanes which have a very complex molecule structure. Therefore, simplified 

representatives with the same carbon atom number have to be chosen from the Aspen 
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Plus database. For nonane, decane and dodecane, with the most complex product 

distribution, the liquid products are systematically defined by one alkene, two 

different aromatic hydrocarbons or cycloalkane as intermediate product, one isoalkane 

and one cracking product, which is a shorter chain hydrocarbon than the feed 

component. With decane, a significant amount of undecane was detected in the single 

component experiments. Therefore, this product is also taken into account. For each 

component, a reaction leading to carbon formation is introduced. In this way, a 

maximum of 6 different reactions is introduced into RStoic reactor for the alkane feed 

components.  

The components MCH, cis- and trans- Decalin in model mixtures have less complex 

product distributions. This allows a selection of liquid reaction products directly from 

the product distribution. In this case, one aromatic hydrocarbon and one cylcloalkane 

are chosen. For MCH, the cracking product benzene is also introduced, since it was 

detected with the single component tests. The model mixture component isooctane 

dehydrogenates to different isomers of isooctane, of which one is chosen as a 

representative. The aromatic hydrocarbons show no hydrogen evolution, however, 

they do show gaseous hydrocarbons and carbon deposition. The liquid product 

analysis shows only a distribution of different aromatic hydrocarbons formed by 

restructuring to different derivatives or cracking. Therefore, reactions to carbon 

formation and cracking products are chosen from the Aspen database. With all model 

mixture components, the formation of carbon is considered as well. In table 6.2, all 

integrated reactions in PCD reactor are tabulated with their stoichiometric factors “ 

“.Due to the low boiling range of the10 wt.-% model fraction, the component dodecane 

is not part of the model mixture of the fraction. For the other two model mixtures, all 

reactions of table 6.2 are used. 
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Table 6.2 stoichiometric reactions for model mixtures components integrated in RStoic reactor 

model in process simulation 

No   
Model 

component 
  1. Product (l)   2. Product   3. Product 

1 

1 
Nonane 

C9H20 

1 
Hexane 

C6H14 
1 

Propene 

C3H6 
  

2 1 
2-Methyloctane 

C9H20 
    

3 1 
Butylcyclopentan 

C9H18 
1 

Hydrogen 

H2 
  

4 1 

Methyl 3-

ethylbenzene 

C9H12 

4 
Hydrogen 

H2 
  

5 1 
Nonene 

C9H18 
1 

Hydrogen 

H2 
  

6 9 
Carbon 

C 
10 

Hydrogen 

H2 
  

7 

1 
Decane 

C10H22 

1 
Decene 

C10H20 
1 

Hydrogen 

H2 
  

5 1 
1.3-Diethylbenzene 

C10H14 
4 

Hydrogen 

H2 
  

9 1 
Propylcyclohexane 

C9H18 
1 

Methane 

CH4 
  

10 0.5 
Nonane 

C9H20 
0.5 

Undecane 

C11H24 
  

11 1 
2- Methylnonane 

C10H22 
    

12 10 
Carbon 

C 
11 

Hydrogen 

H2 
  

13 

1 
Dodecane 

C12H26 

1 
Octane 

C8H18 
2 

Ethene 

C2H4 
  

14 1 
3-Methylundecane 

C12H26 
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No   
Model 

component 
  1. Product (l)   2. Product   3. Product 

15  

Dodecane 

C12H26 

1 
Ethylcyclohexan 

C8H16 
1 

Methan 

CH4 
1 

Propen 

C3H6 

16  1 
Hexylbenzene 

C12H18 
4 

Hydrogen 

H2 
16  

17  1 
Dodecene 

C12H24 
1 

Hydrogen 

H2 
17  

18  12 
Carbon 

C 
13 

Hydrogen 

H2 
18  

19 

1 
Isooctane 

C8H18 

1 

2,4,4-

Trimethylpentene 

C8H16 

1 
Hydrogen 

H2 
  

20 8 
Carbon 

C 
9 

Hydrogen 

H2 
  

21 

1 

n-

Butylbenzene 

C10H14 

1 
Styrene 

C8H8 
1 

Ethan 

C2H6 
  

22 10 
Carbon 

C 
7 

Hydrogen 

H2 
  

23 

1 
p-Xylene 

C8H10 

1 
Benzene 

C6H6 
1  

Methane 

CH4 
1 

Carbon 

C 

24 1 
Toluene 

C7H8 
1 

Hydrogen 

H2 
1 

Carbon 

C 

25 8 
Carbon 

C 
10 

Hydrogen 

H2 
  

26 

1 

Cis-/trans- 

Decahydro-

naphthlene 

C10H18 

1 

Tetrahydro-

naphthalene 

C10H12 

3 
Hydrogen 

H2 
  

27 1 
Naphthalene 

C10H8 
5 

Hydrogen 

H2 
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No   
Model 

component 
  1. Product (l)   2. Product   3. Product 

28  

Cis-/trans- 

Decahydro-

naphthlene 

C10H18 

10 
Carbon 

C 
9 

Hydrogen 

H2 
  

29 

1 

Methylcyclo-

hexane 

C7H14 

1 
Toluene 

C7H8 
3 

Hydrogen 

H2 
  

30 1 
Benzene 

C6H6 
2 

Hydrogen 

H2 
1 

Methane 

CH4 

31 7 
Carbon 

C 
7 

Hydrogen 

H2 
  

 

The conversion rate of every defined reaction is integrated in Aspen Plus Stoic reactor. 

It is needed to define the product yields especially of hydrogen and gaseous 

hydrocarbons for the system efficiency calculation. To calculate the conversion rate of 

each single reaction the conversion rates “Xj “of the feed components j in the model 

mixture are integrated in the PCD reactor, Eq. (6.12). The values of Xj are taken over 

from the detected conversion rates of model components in the model mixtures of the 

experimental results. Where mj,0 is the feed mass before the reaction and mj after the 

experiment has ended. In the next step the mass content of a specific liquid product 

component “
lx ”among all product components “p” is calculated by the mass ml of a 

specific liquid product over the summarized mass of all product components “mp”, see 

Eq (6.13). Furthermore, each reaction among a converted component is evaluated by a 

conversion factor “Xf,i” This factor defines how much of the conversion rate is 

contributing to that specific reaction. It is calculated by the mass content of each liquid 

product component over the summarized mass content of all product components, Eq. 

(6.14). Finally the conversion rates for each single reaction is calculated as the result of 

multiplication the conversion factor of each reaction with the conversion rate of the 

feed component “j”, Eq. (6.15). The conversion rates and conversion factors are 

calculated in EXCEL and integrated in Aspen Plus RStoic reactor. A detailed list of the 

integrated values is found in Appendix 8.4 table 8.6. 

Total conversion rate of feed component j: 
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[%]100
m

mm
X

0,j

j0,j

j 


  (6.12) 

Mass content of liquid product component l: 

[%]100

m

m
x nj

1j
p

l
l 






 
(6.13) 

Conversion factor of single reaction i: 






 ni

1i
l

l
i,f

x

x
X  

(6.14) 

Conversion rate of single reaction i 

ji,fi,r XXX  [%] (6.15) 

Establishing a conversion factor for each single reaction is important to the product 

gas composition and carbon formation. Each reaction has its defined contribution to 

the gaseous products which, in total, expresses the gaseous hydrocarbon yield YCxHy, 

hydrogen yield YH2 and carbon output YC. These values are needed for the calculation 

of the efficiency of the process concepts in the simulation. The gaseous hydrocarbons 

are separated from the product gas and reused in a dual fuel burner, with 

dehydrogenated ULSK or Jet A-1 fraction to power the dehydrogenation process. The 

carbon formed as a side product is part of the total mass balance. It is treated as heating 

power loss of the kerosene since the missing carbon content in the dehydrogenated 

ULSK and Jet A-1 fractions reduces the lower heating value of the fuel. Though, the 

carbon has a maximum of 2.8 % of the total heating power loss of the kerosene in the 

system. The biggest influence on the efficiency of the process concept is the hydrogen 

yield, since electric performance of the fuel cell depends on it. 

The conversion factor for single component reactions can be derived from the 

experimental product distribution. In this case, the hydrogen yield, the content of 

gaseous hydrocarbons and carbon formation is calculated from the stoichiometric 

conversion of the feed component. However, the conversion factors do not represent 

the distribution of the products in the model mixture, only the conversion rate of the 

feed components in the model mixture is derived directly from the experimental 
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results. The conversion rate of the feed component not only differs from the single 

component tests, but also the product distribution itself. For all feed components, the 

chosen reaction products are simplified from the components having been actually 

measured in the experiment. Therefore, a direct correlation to the product distribution 

from the actual measured chromatography analysis is not possible. Only the 

conversion factor is similar to the measured product distribution in the model mixture 

for prominent products of the MCH and Decalin, since those feed components show 

not more than three different dehydrogenation products. On that account, a 

conversion factor for most reactions is derived from the single component tests, but 

has to be adjusted to achieve comparable results for hydrogen gas yield, gaseous 

hydrocarbons and carbon formation with the simulated reactor and the experimental 

results. 

The calculated yield of hydrogen or (/) gaseous hydrocarbon from the summarized 

reactions “i” of one feed component “j” is shown in Eq. (6.16). 

]kg/nl[
m

VnX
Y feed

0,j

mHC/H0,ji,r

HC/H

yx2

yx2

 
  (6.16) 

Table 6.3 presents the comparison of the gaseous yield results and carbon formation of 

the experimental data and the calculated data of the simulation. The data show strong 

similarity and therefore the output of the simulation is used for efficiency calculations 

of the system based apon experimental data.  
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Table 6.3 - hydrogen, hydrocarbon gas, and carbon yield of experimental results and output of 

the model dehydrogenation reactor in the flow simulation 

  Experiment Model Mixtures RStoic Model Mixtures 

 Units ULSK 
10 wt-% 

Fraction 

20 wt-% 

Fraction 
ULSK 

10 wt-% 

Fraction 

20 wt-% 

Fraction 

YH2 nl/kgfeed 75.30 126.39 80.39 75.20 128.20 80.30 

YCxHy nl/kgfeed 0.33 0.42 0.25 0.34 0.42 0.26 

carbon 

formation 
gC/kgfeed 0.36 0.33 0.35 0.37 0.34 0.34 

enthalpy 

demand  
kJ/molH2    73.54 74.00 73.15 

 

Further, the liquid product distribution of the hydrocarbon groups is also considered 

in the choice of conversion factors to fit as closely as possible to the liquid product 

distribution of the experimental results. Table 6.4 presents the hydrocarbon group 

distribution in the condensate of the simulated dehydrogenation. 

Table 6.4 –distribution of hydrocarbon groups of the simulated condensate of model mixtures 

Model 

Mixture 

n-

alkanes 

n-

alkenes 

iso-

alkanes 

iso-

alkenes 

cyclo-

alkanes 

cyclo-

alkenes 

aromatic 

hydrocarbons 

[wt.-%] 

ULSK 45.33 1.74 4.06 0.12 17.44 0.98 30.33 

10 wt.- % 39.52 0.93 3.18 0.06 13.46 2.83 40.04 

20 wt.-% 44.90 0.42 1.34 0.00 21.92 1.58 29.85 

 

The simplification of adjusting the conversion factors to satisfy the gaseous product 

distribution was chosen to be legitimate due to the overall objective of the simulation. 

The aim of the process simulation is to calculate the process efficiency of the heat 

integrated process concept and reference concept. A more detailed reaction 

distribution would not improve the accuracy of the process efficiency, since other 

factors like heat integration have a stronger influence. The average enthalpy demand 

of the dehydrogenation reactor is 73.6 kJ/molH2. The heat demand depends not only on 

the conversion rate and hydrogen yield, but also on the feed flow into the reactor. With 

increasing hydrogen yield, less kerosene has to be converted to achieve the same 

system performance. Therefore, the molar conversion stays similar, same as the heat 

demand of the endothermic reaction.  
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6.4 Heat and Material Integration 

The goal of this chapter is to describe the heat integration network designed for both 

the process concept with rectification, and reference concept. To design a working heat 

exchanger network for heat integration, it is not necessary to choose a network of 

maximum heat recovery. The aim is to build flow sheets for both processes with 

realistic heat integration. This means that the heat exchanger network should have an 

economic number of heat exchangers, so the whole system will not exceed practical 

size and complexity. The first step of interest is to know the possible energy recovery 

for both systems. From the basis of the optimum heat recovery, a heat exchanger 

network can be designed that suits both low complexity and the target of close to 

maximum heat recovery. The feed flow rate in the process system and reference system 

are both set up for an electric performance Pel. of 90 kW, Eq. (6.17). This target 

performance is chosen to fit a regular APU of an Airbus A320, which is a common 

medium haul aircraft.  

22 HH.therm LHVmP   (6.17) 

22 HHFCPSA.el LHVmP    (6.18) 

The thermal performance Ptherm. of the system is derived from the hydrogen output of 

the dehydrogenation reactor, Eq. (6.17). The efficiency of the gas cleaning with PSA 

PSA  is defined by 80 %, which is a common target efficiency for PSA for hydrogen 

purification from hydrocarbons [125], [126]. The electric fuel cell efficiency is set at 50 

% and refers to the hydrogen heating power [127], [128], while the lower heating value 

LHVH2 of hydrogen is known as 120 MJ/kg. Considering the hydrogen output after the 

PSA and the electric efficiency of the PEMFC the electric performance Pel. the process 

is calculated by Eq. (6.18) 

For both process concepts, the hydrogen flow rate has to be set at 6.75 kg/h hydrogen 

product to achieve a 90 kW system performance including PSA and PEMFC. For the 

thermal efficiency Ptherm. 2.7 kg/h hydrogen product is needed. This condition is 

satisfied by an adjustment of the kerosene feed flow, which depends on the hydrogen 

yield of the dehydrogenation reactor, see Eq. (6.16).  

The heat integration design is built on the target values of the base case process 

performance. The base case means the simulated hydrogen yield is calculated on the 

hydrogen yield of the experimental work. In the chapter 6.6.3, the efficiency of a 
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theoretical maximum hydrogen yield will be presented on the basis of the heat 

integration described here.  

For the process concept with rectification, two different fractions, 10 wt.-% and 20 wt.-

%, are used in the experimental work and in process design. The difference in heat 

demand on rectification and dehydrogenation reactor does not change the possibilities 

in heat recovery within the process. Therefore, the heat integration is described here 

with one process concept using the 10 wt.-% fraction.  

6.4.1 Internal heat source 

Both process concepts with and without rectification require an internal heat source to 

provide the heat demand for the dehydrogenation, preheating, and evaporation of the 

feed streams. This internal heating demand can be satisfied by introducing an adiabatic 

fuel burner in the system. Fig. 6.4 presents a schematic PCD reactor with integrated 

heating by flue gas of a burner. 

 

 

 

 

 

 

 

 

 

 

Fig.6.4 - Scheme of a PCD reactor with integrated heating by flue gas 

 

The temperature gradient from the burner flue gas to the dehydrogenation should be 

moderate, since high temperature gradients in a real dehydrogenation reactor might 

cause cracking and coke formation. To take this into consideration, the temperature 

outlet of the burner is defined by 650°C, which is achieved by a high air-to-fuel ratio. 

The temperature gradient of the flue stream for heating the dehydrogenation reactor 

is 100 K. This way, the heat transfer into the reactor for the endothermic reactions is 

guaranteed. The air mass stream for the burner is defined on the temperature outlet of 

feed
 stream
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the flue gas before heating the dehydrogenation which is 650°C. The fuel mass stream 

is calculated by design specification in Aspen Plus to meet the temperature outlet of 

the burner of 550°C after providing the head demand to the PCD reactor at a reaction 

temperature of 425°C. The feed stream is preheated first by the product gas stream and 

second heat up to reaction temperature by the flue gas stream. The flue gas leaves the 

heating of the reactor and the preheating of the fuel at 320°C. 

After satisfaction of this specification, the heat stream of the flue gas is used to preheat 

the air stream. This heat transfer is defined by the heat exchanger restrictions explained 

later in this chapter. Therefore, the air stream temperature depends on the amount of 

feed for the dehydrogenation reaction and the fuel stream for the burner. The burner 

could be operated as a dual fuel burner with dehydrogenated kerosene and 

additionally, with the off gas of the PSA containing hydrocarbons and hydrogen. The 

LHV of the dehydrogenated kerosene is calculated by remaining liquid components 

after condensation. To limit the temperature of the burner flue gas to 650°C, the 

combustion has to be operated with a high air to fuel equivalence ratio ( ), see Eq. 

(6.19)- (6.21).  

OH
2

y
xCOO

4

y
xHC 222yx 








  (6.19) 

ricstochiomet
air

air

m

m




  (6.20) 






















 1

)O(M21.0

)N(M79.0
)O(M

4

)H(n
)C(nm

2

2
2

ricstochiomet
air


  (6.21) 

The number of hydrogen and carbon atoms in the input fuel stream to the burner is 

extracted from the flow sheet simulation. The amount of air used for the combustion 

influences the overall efficiency of the system, since the air has to be preheated to 

decrease the amount of fuel used for combustion.  

6.4.2 System boundary 

For both systems, the boundary conditions of the heat and material balance are set to 

define the heat integration, and to calculate the efficiency of systems. For the reference 

concept, the scheme of the system boundary is shown in Fig. 6.5.  
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condensatemfluegasm
airm

P.elP
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2Hm
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Fig.6.5 - scheme of system boundary for reference concept 

The incoming streams for the mass balances are the ULSK feed flow ULSKm  for 

dehydrogenation, and the air for combustion 
airm . The tank size is considered to be 

sufficient to fulfill the mass balance. The outgoing streams are the hydrogen product 

gas 
2Hm , the exhaust from the burner 

fluegasm  and the part of condensable products of 

the dehydrogenated ULSK condendatem , which are not used in the burner for providing 

the heating within the system boundary. Eq. (6.22) and (6.23) present the mass balance 

of the reference process .The carbon deposit, which is caused by side reactions, has to 

be subtracted from the material balance and energy balance, since it is part of the loses. 

The PSA offgas contains separated hydrocarbons of the product gas stream after 

condensation and 20 % of the hydrogen product. The material efficiency of the PSA 

defined to be 80 %. 

Mass balance: 

airfeedCHcondensatefluegas mm)m(mmm0
2

   (6.22) 

burner
condensate

condensed
productcondensate mmm    (6.23) 

For the energy balance of the reference system is defined in Eq. (6.24). Where the heat 

load has to be provided to the feed stream and dissipated from the condenser for 

product condensation Q . Further external electric power is needed for the 

pressurizing the liquid feed for reaction P.elP . 

  



116 6. Process Simulation  

Energy balance: 

P.elairCfluegascondensateHFeed PQHHHHHH0
2

   (6.24) 

0Hair 
  (6.25) 

condenceULSK QQQ    (6.26) 

Respectively, in case of the process concept with rectification, the still from the 

rectification and the dehydrogenated Jet A-1 fraction not used in the burner are leaving 

the system. The partly dehydrogenated Jet A-1 fraction and the kerosene still are 

reused in the kerosene tank for propulsion see Fig. 6.6. 

condensatemfluegasm
airm

1JetAm 


stillm

condenceQ

reboilerQ

P.elP
fractionQ

propulsion

2Hm

.elP

burnQ

reactor

burner

rectification

PSA
condenser

pump

tank

1JetAQ 


coolerQ

fuel

FC

Fig. 6.6 - scheme of system boundary for process concept with rectification 

The rectification still has to be added up for the mass balance of the system. 

airfeedCHcondensatestillfluegas mm)m(mmmm0
2

   (6.27) 

For the energy balance, the heat demand of the rectification has to be considered, 

which is provided to the reboiler. 

P.elairCfluegascondensatestillHFeed PQHHHHHHH0
2

   (6.28) 

0Hair 
  (6.29) 

condencecoolerfractionreboiler1JetA QQQQQQ     (6.30) 
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For internal heat and material integration, several streams can be reused in both 

systems to preheat: the Jet A-1 feed, the Jet A-1 fraction and the combustion air for the 

burner. Preheated air for combustion reduces the amount of fuel needed in the burner 

to heat up the air to combustion temperature.  

For the flow sheet simulation, both systems are provided with two different types of 

model components, pseudo components and real component model mixtures. The 

dotted line within the system boundary marks the switch from pseudo components 

which are used with preheating, rectification and conditioning to reaction temperature 

and pressure. To the right of the dotted mark, real components are used to define 

dehydrogenation reactions in the model reactor. Not only the model components are 

switched, but also the property methods are changed. To the left, the property method 

of Braun K10 is used, while to the right, the vapor liquid equilibrium is calculated with 

SRK property method. 

6.4.3 Methodology of heat integration 

To design a working heat exchanger network, all streams, which can function as heat 

loads or heat sinks, have to be identified and arranged to find the maximum energy 

recovery possible. A common tool to identify maximum heat recovery is the graphical 

“Pinch - Analysis”. Aspen energy analyzer offers the possibility to extract the heat 

loads and heat sinks from a flow sheet and arrange them in so called hot and cold 

composite curves. Here, the heat integration with the Pinch - Analysis for both process 

concepts, and the design of the heat exchanger grids are described briefly. 

First, all streams which need to be heated up are extracted from the flow sheet as cold 

streams in a temperature “T” over enthalpy “H” diagram. The same occurs with the 

streams which need to be cooled down in the system, called the hot streams. The 

enthalpy change of a stream is defined by the temperature change from supplied 

temperature, TS, to target temperature, TT, and the heat capacity flow rate CP. This is 

the specific heat capacity of the stream multiplied by the stream mass flow, see Eq. 

(6.31) – (6.33).  

H)TT(CPdTcmQ sT

T

T

p

T

S

    (6.31) 

mcCP p
  (6.32) 

For phase changes of the stream, the specific heat capacity has to be adjusted. The slope 

of a hot or cold stream in the T/H- Diagram is represented by: 
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CP

1

dQ

dT
  (6.33) 

Since only the enthalpy changes of the stream are represented in the T/H- Diagram, a 

given stream can be plotted anywhere on the enthalpy axis with the provision that the 

same slope runs between the same supply and target temperature. In the next step, all 

hot streams can be shifted to one hot composite curve. Similarly, all cold streams are 

shifted to a cold composite curve. This is accomplished by moving the streams on the 

enthalpy axis within the same temperature range. Streams which overlap in 

temperature range can be added up by summarizing the heat capacity flow rate within 

the shared temperature range (e.g. see T/H- Diagram in Fig. 6.7) [129]. The hot 

composite curve has to have a higher temperature at any given enthalpy than the cold 

composite curve to ensure a temperature gradient between streams. Both composite 

curves can be shifted on the enthalpy axis until they reach a predefined minimum 

temperature approach ∆Tmin. This closest approach is called the “pinch”. For a given 

value of ∆Tmin, the utility quantities predicted are the minimum required to solve the 

heat recovery problem [119]. The overlap between the composite curves represents the 

maximum amount of heat recovery possible within the process. The difference in 

enthalpy at the lower end of the hot composite curve to the cold composite curve 

represents the minimum amount of external cooling required. On the other end, the 

enthalpy difference represents the minimum amount of external heating required. For 

maximum heat recovery within the process, no external heat should be provided to 

hot streams beneath the pinch, or cooling to streams above the pinch. Otherwise, this 

would raise the requirement of external cooling and heating and reduce the internal 

heat recovery. On the other hand, restrictions for a working heat exchanger grid might 

request a less than ideal heat recovery.  

In a next step, the heat exchanger network is set up with a grid table, where the heat 

exchanger performance and the temperature gradient of hot and cold stream outlet 

temperatures are defined. The target temperature difference between hot stream inlet 

and cold stream outlet temperature in a gas to gas heat exchanger is set at 50 K. This 

ensures practical surface size of heat exchanger construction. The heat exchangers for 

preheating and evaporating kerosene have to have a minimum temperature approach 

of 20 K which is the temperature difference of cold stream outlet and hot stream inlet 

temperature. Within heat exchangers, evaporation or condensation is allowed, but 

temperature crossover with the temperature and enthalpy profile of the heat 

exchanger must be avoided. The aim of the grid table is to design a heat exchanger 

network performing at maximum heat integration. Still, the heat exchanger restrictions 

described here have to be followed to ensure a practical and working process system. 
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Therefore, deviations from ideal heat recovery are allowed. When the grid is designed, 

the heat exchanger network is integrated into Aspen Plus flow sheet simulation. In the 

following chapters, the heat integration of the reference concept and process concept 

with rectification are described by the method explained here. 

6.4.4 Heat Integration of the Reference Concept 

The heat sinks and loads of the reference concept are extracted and arranged to hot 

and cold composite curves in a T/H-Diagram, see Fig. 6.7. The input data of the 

streams, temperature range, mass flow, heat capacity and resulting enthalpy are 

available in table 6.5. The available hot streams, or heat loads, are the flue gas stream 

of the burner and the product gas and condenser for the product gas. The streams that 

perform as heat sinks are the kerosene feed stream, the air stream for the burner, the 

dehydrogenation reactor and the hydrogen product stream leaving the PSA, which can 

be heated up to the operating temperature of the fuel cell.  

Table 6.5. hot and cold stream data of reference process for heat integration 

stream 
total flow rate 

[kg/h] 

temperature 

range [°C] 

specific Cp 

[kJ/kg K] 

enthalpy 

[kW] 

stream 

type 

flue gas 2195.9 650.5 – 126.7 1.0936 348.1 hot 

hot 

product 

stream 

1010 

425.0 – 325.5 

325.5 – 250.9 

250.9 – 238.2 

238.2 – 216.4 

2.8708 

2.6315 

8.7985 

6.3077 

205.1 hot 

ULSK 1010 

20 -115.5 

115.5 – 210.7 

210.7 – 305.9 

305.9 – 333.2 

333.2 – 425 

2.1953 

2.5615 

2.9254 

10.184 

2.91 

358.7 cold 

air 2174.3 20 – 222 1.0216 124.5 cold 

hydrogen 5.341 30 - 80 14.373 1.08 cold 

Qreactor - 425.0 – 425.5 - 68.18 cold 

Qcondesation - 216.4 - 30 - 152.4 hot 
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The hot product stream is partly condensed in the first heat exchanger after leaving 

the PCD reactor. After preheating the ULSK feed stream, the hot product gas stream 

enters the total condenser with vapor fraction of 56 %. The closest temperature 

approach with the temperature and enthalpy profile within the heat exchanger is 12°C. 

The evaporation of the ULSK feed stream is accomplished with the flue gas stream, 

where the temperature approach within the heat exchanger is 18°C 

 
Fig. 6.7 - hot and cold composite curve of reference process 

The overlapping of the hot and cold composite curve shows a threshold situation of 

heat streams. It is possible to provide the heat demand to all cold streams entirely by 

internal heat recovery. The heat demand can be covered by heat exchange of hot 

streams and the heat load of the internal burner. Only an external source of cooling is 

necessary. Further, the closest temperature approach, or pinch point, is the closest 

temperature difference of the hot and cold streams. In the case of the reference concept, 

this is 95°C. The pinch point indicates that heat exchanger restrictions can be fulfilled 

with maximum heat recovery. The segment with the closest temperature approach of 

the hot composite curve contains the hot product gas and flue gas stream, and the cold 

composite curve contains the kerosene streams, see Table 6.4. With the information of 

Fig. 6.7, a heat exchanger grid (Fig. 6.8) is designed, which is then introduced in the 

flow sheet, Fig. 6.9. 
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Fig. 6.8 - grid table of heat exchanger network designed for the reference process 

The coolant for the condenser is the only external source of cold stream, and is 

emphasized with a dotted line. A source of 10°C cold coolant stream is assumed. Since 

the heat exchanger restrictions described in the previous chapter can be followed, 

maximum heat recovery is reachable.  
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Fig. 6.9 - flow sheet with heat exchanger network of reference concept 

The flow sheet presents two different material cycles within the system. The ULSK 

evaporation and dehydrogenation, the product stream and hydrogen purification is 

presented with the blue streams. The second cycle is the burner and fuel gas, which is 

providing the required heat to the dehydrogenation system. This part of the process is 

marked with the red streams. 

First, the pseudo component feed flow is pressurized in a compressor. Then, the feed 

flow is heated up by the hot product gas stream in the heat exchanger HX4. In the next 

step, the kerosene feed stream is vaporized and heated to reaction conditions with the 

fuel gas from the burner (HX3). In the switch block, the mass flow, temperature, and 

pressure of the pseudo component stream is copied to the model mixture, which 

continues into the reactor. In the reactor, the reactions described in chapter 6.2.3 are 

performed. Then, the product gas stream enters the separator block, where the solid 

carbon from the previous dehydrogenation reaction is separated. This separator block 

is needed to achieve flow sheet convergence. The property methods, which are 

described in chapter 6.4 do not handle solid streams. Therefore, the solids have to be 

removed from the stream in order to calculate energy and mass balance in the blocks 

further downstream. The separated carbon is considered in the total mass balance and 

the efficiency of the reference concept. Next, the product gas stream is cooled down. 

The gaseous products and condensable products are separated in the condenser block 

(HX2).   
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The condition is set to 8 bar and 30°C outlet stream temperature. With the partial 

pressure of the long chain hydrocarbons in the gas phase at condenser conditions, a 

certain content remains in the product gas phase. To protect the PEMFC from 

performance reduction by occupying catalyst membrane surface, hydrogen 

purification by PSA is needed. In table 6.6, the content of gaseous hydrocarbons with 

carbon atom number of C1 to C5, long chain hydrocarbons with carbon atom number 

above C5 and hydrogen is shown before and after purification. 

Table 6.6 - stream composition on input and output stream to condensation and PSA, 

calculated with SRK property method 

streams 

input stream 

in condenser 

Outlet stream 

not condensed 

products 

PSA offgas 

stream 

Pure 

Hydrogen 

stream 

kg/h 

gaseous 

hydrocarbons 
0.31 0.23 0.23 0 

longer chain 

hydrocarbons 
1002.2 0.84 0.84 0 

hydrogen 6.83 6.75 1.35 5.4 

 

After condensation, the product gas stream still contains 10.7 wt.-% long chain 

hydrocarbons. In the condensed dehydrogenated ULSK, 1.2 wt.-% of the produced 

hydrogen and 25.4 wt.-% of gaseous hydrocarbon components are dissolved. The 

condensate stream is split and partly used as fuel for combustion, the rest leaves the 

system in to the tank. The uncondensed gas stream enters the PSA block. The block 

model is executed as a calculator block, which separates the hydrogen from other 

components in the stream. The PSA off gas stream does not only contain the separated 

hydrocarbons, but also 20 wt.-% of produced hydrogen after condensation, 

respectively 19.8 wt.-% of the total produced hydrogen. 

The system pressure of 8 bar is relatively low for PSA, since common PSA systems run 

mostly at 10 to 15 bar. On the other hand, the purity of product stream after 

condensation is with 99 vol.-% hydrogen relatively high in comparison to refinery fuel 

gas with 60 to 70 vol.-% used as input stream for PSA [126]. Therefore, an efficiency of 

the PSA of 80 % is assumed to fit common standard. The PSA offgas is then reused in 

the burner, which is co-fed with condensed dehydrogenated kerosene.  

The adiabatic burner provides the heat demand to the dehydrogenation reactor (HX1). 

The hydrogen atom to carbon atom ratio of the mixed feed stream to the burner has a 
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molar ratio of 2.75. The mass flow of the air to the burner is also extracted from the 

flow sheet, see table 6.4. The calculated air to fuel equivalence ratio   is 5.7 to reach an 

adiabatic temperature of 650°C of the flue gas, which leaves 17 vol.-% of oxygen in the 

flue gas for the reference process.  

With the last two heat exchangers, the fuel gas preheats the air flow into the burner 

(HX5) to increase the burner efficiency, and the hydrogen product gas is preheated to 

80°C, which is the operation temperature of PEMFC (HX6). The flue gas leaves the 

system with a temperature of 127°C, see Fig. 6.8. 

6.4.5 Heat Integration of Process Concept with Rectification 

The heat integration for the process concept including the rectification is carried out 

with the same methodology as described with the reference concept. First, the enthalpy 

streams are extracted from the process flow sheet with Aspen Energy Analyzer, see 

table 6.7. 
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Table 6.7: hot and cold stream data for heat integration of process concept with rectification 

and 10 wt.-% Jet A-1 fraction 

Stream 
total flow rate 

[kg/h] 

temperature range 

[°C] 

specific Cp 

[kJ/kg K] 

enthalpy 

[kW] 

stream 

type 

flue gas 2182 650.6 - 78 1.0930 377 hot 

product 589.6 
425.0 - 304.9 

304.9 - 208.8 

2.8284 

2.5218 
95.3 hot 

Jet A-1 5896 

20 -74.7 

74.7 -133.1 

133.1 – 196.6 

196.6 – 197.0 

2.1421 

2.3796 

2.6009 

26.991 

711.4 cold 

fraction 589.6 

176.3 - 235.4 

235.4 – 292.7 

292.7 – 320.9 

320.9 – 372.9 

372.9 – 423.8 

2.7858 

3.0392 

10.527 

2.8633 

2.9752 

153.1 cold 

still 5306.4 
199.8 – 85.4 

85.4 - 30 

2.5375 

2.1147 
600.5 hot 

air 2163 20 - 271 1.0261 155 cold 

Qrectfi. cooler 2181.5 
180 – 178.8 

178.8 – 176.8 

92.445 

102.83 
192.3 hot 

Qreboiler 7218.6 
196.7 -197.8 

197.8 – 199.8 

29.585 

27.55 
174.27 cold 

Qreactor - 425.0 - 425.5 - 69.1 cold 

Qcondesation - 208.8 - 30 - 115.2 hot 

 

All cold streams and hot streams are identified and arranged to a hot and cold 

composite curve, which describes the maximum possible heat integration of the 

system, see Fig. 6.10. The overlapping of both curves shows that the total heat demand 

cannot be covered with internal heat recovery. The same applies with the cooling 

demand. The pinch point, ΔTmin, is defined by 20 K and is chosen from the heat 

integration recommendation [130]. The streams at the pinch have to be operated with 

a minimum temperature approach of 20 K in order to achieve the given heat recovery. 
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Fig. 6.10 - hot and cold composite curve of reference process 

The pinch temperature for the hot composite curve is 216.6°C and 196.6°C for the cold 

composite curve. The hot composite curve to the right of the pinch consists of the flue 

gas stream and the product gas stream, while the cold composite curve consists of the 

air for the burner, the kerosene fraction, and the enthalpy for the dehydrogenation 

reactor, as well as the heat demand of the reboiler. To the left of the pinch, the hot 

composite curve consists of the flue gas, the still, the cooler of the rectification and the 

condenser of the product stream, while the cold composite curve consists of the 

kerosene feed stream, the air, and the condenser again. The results of the pinch analysis 

show the maximum possible heat recovery. However, it does not consider the technical 

feasibility of a heat exchanger network. The design of the heat exchanger grid for the 

process system follows the same objectives as for the reference concept. Further 

restrictions are introduced, since the rectification requires suitable operation 

conditions.  

The reboiler of a rectification demands a small temperature gradient of the heat stream 

to avoid thermal cracking of the long chain hydrocarbons, leading to the deposit of 

carbon in fuel and changing the chemical composition of the still, which is reused for 

propulsion. Therefore a heat stream with a temperature difference of cold stream outlet 

and hot stream inlet of 20 K is needed to provide the heat demand to the reboiler. This 

is the only external heating duty needed in the process concept and can be carried out 

by a hot oil stream. External cooling is required to run the condensation of the 

dehydrogenated fraction. Further cooling is needed to cool down the hot still stream 

before it is reused in the kerosene tank for propulsion. The heat exchanger grid table 

for the process concept with rectification is presented in Fig. 6.11.   

0

100

200

300

400

500

600

700

800

0 400 800 1200 1600

T
em

p
er

at
u

re
 [

°C
]

Heat Flow [kW]

Hot Composite Curve

Cold Composite Curvemin.

cooling

duty

265 kW
max. heat recovery 

1046 kW 

min. 

heating 

duty 
148 kW 



6.4. Heat and Material Integration 127 

 

 

        

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 6.11: grid table of heat exchanger network designed for process concept with rectification 

and 10 wt.-% Jet A-1 fraction 

In the next step, this grid table is used to integrate the heat exchangers in the process 

flow sheet. The external utility stream for providing external heating is shown as a 

dotted line in the flow sheet as heat streams (HX6). The heat load of this external 

heating demand is then introduced as energy expenditure in the efficiency calculation 

of the system. The difference in total heat recovery of the grid table and the T/H-

diagram derives from heat exchanger restrictions defined for the process. No internal 

stream would provide enough heat load with the temperature restriction of 20 K for 

the heat exchanger of the reboiler. Since more external heating than the minimum 

heating demand is required, more external cooling is required as well. Similar to the 

reference concept, the process concept consists of the main process part, which 
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contains the rectification and the dehydrogenation reactor. The heat providing part 

contains the burner, where the input and output streams are colored red, see Fig. 6.12. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Fig. 6.12 - flow sheet with heat exchanger network of process concept with rectification and 

10 wt.-% Jet A-1 fraction  

In the dehydrogenation cycle, Jet A-1 enters the system as pseudo components, and is 

preheated by the heat stream recovered from the condensation of fraction on the top 

stage of the rectification (HX8). Then, the pseudo component stream is heated by the 

hot still stream from the bottom stage of the rectification (HX4). The still stream has to 

be cooled down a second time by external cooling (HX7). Before the kerosene enters 

the rectification, it is heated up by the hot product gas stream from the 

dehydrogenation reaction (HX1). An external heat stream is provided to the heat 

demand for the reboiler stage of the rectification (HX6). In the heat exchanger grid 

table, this heat demand is provided by a hot oil stream. The recovering of the hot 

streams of the rectification for preheating the kerosene feed streams leads to a 

significant advancement for the efficiency of the system. The reboiler heat duty per 

feed mass stream is reduced by 446 kJ/kgfeed.  

After the condensed Jet A-1 fraction leaves the top stage of the rectification, the liquid 

stream is pressurized to 8 bar. The switch block copies the heat load and mass flow of 

the pseudo components fraction to the real component model mixture fraction, which 
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then enters the dehydrogenation reactor. The product gas stream is treated the same 

way as described with the reference process. First, the solid carbon is separated from 

the product gas stream. Then, the product gas stream is cooled down and condenses 

at 8 bar and 30°C (HX3). The liquid product stream splits and is partly used as fuel for 

combustion, while the non-condensed gas stream is conditioned in the PSA. The 

composition of the liquid and gas products before and after condensation are shown 

in table 6.8. The hydrogen atom to carbon atom ratio in the mixed input stream to 

burner is 2.8. The calculated air to fuel equivalence ratio  , is 6.5 to achieve an adiabatic 

burner temperature of 650°C, leaving 18 vol.-% of oxygen in the fuel gas. 

The composition of the product gas stream before and after gas cleaning is presented 

in table 6.7. After condensation, the gaseous product gas stream contains 16.6 wt.-% of 

long chain hydrocarbons, which is higher than with the reference process. This 

contributes to the composition of the 10 wt.-% fraction model mixtures, which contain 

lighter hydrocarbons than ULSK model fraction.  

Table 6.8. - stream composition on input and output stream to condensation and PSA of 

process concept 

streams 

input stream 

in condenser 

Outlet stream 

not condensed 

products 

PSA offgas 

stream 

Pure 

Hydrogen 

stream 

kg/h 

gaseous 

hydrocarbons 
0.31 0.21 0.21 0 

longer chain 

hydrocarbons 
582.3 1.39 1.39 0 

hydrogen 6.8 6.75 1.35 5.4 

 

The burner proceeds with PSA offgas and the partial dehydrogenated Jet A-1 fraction. 

The flue stream from the burner is used to provide the heat demand of the 

dehydrogenation reactor (HX2), and then to evaporate and superheat the pseudo 

component fraction to reaction temperature (HX5). In the last step, the fuel gas 

preheats the air flow for the burner (HX9). Preheating of the hydrogen stream for the 

PEMFC is not carried out, since after heat integration, no hot stream is available at a 

suitable temperature. The heating of the stream has to be carried out by the reaction 

enthalpy of the fuel cell.  

The same process flow sheet is used for efficiency calculation of a system with a 20 wt.-

% fraction. Due to the heat recovery of the process, the system efficiency mostly 
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depends on the hydrogen yield of the fraction in dehydrogenation reactor. The heat 

stream of the rectification, the still and the condensation of the fraction are used to 

preheat the feed stream. The external utility stream for the reboiler only depends on 

the mass flow needed for the dehydrogenation reactor to achieve 90 kW power. This 

means that in case of the same hydrogen yield of the 10 wt.-% and 20 wt.-% fraction, 

the reboiler duty between the two fractions only differs in the amount of enthalpy 

needed for the evaporation of the fraction. Since this boiling point distribution range 

between 10 wt.-% and 20 wt.-% is similar (see chapter 4.2), the difference in utility heat 

loads has a very small influence on the overall efficiency. The internal heat demand 

provided by the burner is adjusted to the heat demand of the dehydrogenation reactor. 

The external utility cooling is treated with the efficiency calculation as freely available.  

As an alternative to this heat exchanger grid, it would be possible to use the product 

gas instead of the flue gas for the preheating of the air stream with 20 wt.-% fraction 

concept. The heat load of the product stream is higher, since the mass stream is bigger. 

This is caused due to the need of a higher fraction mass stream because of the lower 

hydrogen yield of the 20 wt.-% fraction. With higher temperature of the air stream into 

the burner, less fuel would be used for combustion and the efficiency is increased by 

1.7 %. This alternative heat exchanger network would only function for an increased 

hydrogen yield of up to 120 nlH2/kgfraction. The fraction mass stream, and therefore the 

product stream, is reduced by 20 % for 90 kW, and the heat load of the product stream 

would be too small to heat up the air mass stream, which also rises due to the slightly 

higher heat demand of the reactor. The heat exchanger grid table of the base case 20 

wt.-% fraction process concept and the alternative process flow sheet and grid table 

are available in Appendix 8.4. 

6.5 System Efficiency 

The system efficiency or electric efficiency for the reference concept and process 

concept with rectification is presented in this chapter. Both concepts are evaluated with 

the heat integration shown in the previous chapter. The system efficiency is defined as 

the ratio of generated electric energy minus internal electric consumption to consumed 

thermal energy. 

The following assumptions are made for calculating the efficiency of both concepts. 

First, it is assumed that with a facility performance of 90 kW, the isolation allows that 

no heat losses are taken into consideration. The second assumption considers the 

cooling streams for the systems to be available freely, since coolant is available on 

board for turbine cooling systems and air conditioning [131]. This means that external 
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heat sinks are not part of the consumed thermal energy. Further, the electric power for 

the air fan providing air for combustion in the internal burner is neglected. The pump 

performance to pressurize the liquid feed in both systems to 8 bar is introduced as 

electric energy consumption with a pump efficiency of 70 %.  

6.5.1 System Efficiency of Reference Concept 

The reference concept does not need any external heat streams. The thermal energy 

demand for the reaction enthalpy of dehydrogenation and the preheating of the ULSK 

stream and air stream to the burner is provided by the adiabatic combustion of 

dehydrogenated ULSK and PSA offgas. The combustion enthalpy from these internal 

fuel streams are the energy demand of the system, and therefore, are treated as energy 

expenditure, which reduces the efficiency of the system. The loss of heat performance 

of the fuel is caused by the separation of the mass stream of the condensate and the 

PSA offgas. This mass stream is than not part of the fuel and can be reused for 

propulsion. Further, the lower heating value (LHV) of the ULSK is decreased after 

partial catalytic dehydrogenation, since evolved hydrogen, gaseous cracking products 

and carbon are not part of the condensate. The loss of enthalpy content of the 

dehydrogenated ULSLK has to be considered when it is reused for propulsion. Next, 

the loss of LHV due to the dehydrogenation has to be taken into consideration, since 

the actual LHV of kerosene of 43.4 MJ/kg is the LHV of model mixture of 43.2 MJ/kg, 

which is used in the reactor. The efficiency of the system is calculated for both, real 

ULSK and also for Jet A-1 fractions. The difference of LHV of the model mixture 

compared to ULSK would lead to an over estimation of the efficiency. The difference 

of LHV has to be subtracted from the heat losses in the efficiency calculation. 

The PSA offgas consists of gaseous hydrocarbons and hydrogen. The PSA hydrogen 

separation is defined by 80 %, this leaves 20 % of the hydrogen in the PSA offgas to the 

burner. The LHV of the PSA offgas can be extracted from the flow sheet or calculated 

by Eq. 6.34 

.cond

gasHC
.cond

gasHCgasHCH
.cond

HH

PSAoffgas
m

LHV)mm(LHV)mm(2.0
LHV

mnmnmn22



 
  (6.34) 

The gaseous products which are dissolved in the condensated dehydrogenated ULSK 

are not part of the PSA offgas, and have to be subtracted. The mass stream composition 

of the PSA offgas is presented in the previous chapter.  

To calculate the loss of heating power of the ULSK, the LHV of the condensated 

products is of interest, since it can be reused in propulsion, see Eq. (6.35). 
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The gaseous hydrocarbon products which are removed from the fuel are part of PSA 

offgas, therefore, the loss of enthalpy from gaseous hydrocarbons is already 

considered with the condensate. In the simulation flow sheet, the condensate consists 

of model components and model products of the dehydrogenation reactions. The 

efficiency calculation considers the LHV of condensate of dehydrogenated kerosene. 

For the loss of heat performance of the ULSK, it has to be taken into consideration that 

not the total amount of condensate is returned to the tank, but some is used for the 

burner, see Eq. (6.36) and (6.37) 

)H(LHV)mm(LHVmQ ULSK
elmod.cond

burner
.cond.condULSKULSK

loss
fuel    (6.36) 

)LHVLHV(mH elmod.PseudULSK
ULSK

elmod    (6.37) 

Further, carbon mass stream from carbon formation is leaving the system unused and 

has to be considered as a loss. The difference in enthalpy content of condensate and 

the ULSK feed stream is 3.5 %, which is caused by the decline of mass flow and LHV. 

The decline of LHV of the dehydrogenated ULSK in comparison to the feed stream is 

1%. The system efficiency is then calculated by the net electric output of the hydrogen 

provided to the PEMFC, which is affected by the efficiency of the PSA of 80 % and the 

PEMFC efficiency of 50 % as well as the efficiency of the pump to pressurize the fuel, 

which is defined by 70 %. The losses are added up by the electric performance of the 

compressor, and the loss of heating power of the kerosene, see Eq. (6.38). 
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The thermal efficiency of the reference process does not consider the efficiency of the 

PEMFC and therefore represents the output pure hydrogen from process, see Eq. 

(6.39). 
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.cond
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Table 6.9, shows the system efficiency and thermal efficiency of the base case 

performance defined with the experimental input specification for a 90 kW electric 

system. The input specifications are the conversion rates and conversion factors of the 
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dehydrogenation reactions leading to a hydrogen gas yield and product compositions, 

which fits the experimental results of dehydrogenation the ULSK model mixture. 

Table 6.9. – efficiency, fuel and system performance of the base case reference concept 

reference 

concept 

reference
system  reference

thermal  P.elP  loss
fuelQ  PSAOffgasLHV  

.condLHV  
2HY  

[%] kW MJ/kg nlH2/kgfeed 

20.7 41.8 0.7 430.8 86.5 42.9 75.2 

 

The efficiency of the system is mainly dependent on the hydrogen output of the 

dehydrogenation reactor. The input specifications of the experimental data with model 

mixtures in the simulation indicates the possible efficiency of the reference concept if 

investigated hydrogen yield can be achieved under stable conditions with 

desulfurized or regular kerosene. To predict theoretical maximum system efficiency, 

the conversion rate of the model components can be increased to achieve theoretically 

higher hydrogen yields.  

6.5.2 System Efficiency of Process Concept with Rectification 

The LHV of the condensate is calculated the same as with the reference concept, except 

the feed mass flow is exchanged with the mass flow of the Jet A-1 fraction. The LHV 

of the pseudo component fraction and the 10 wt.-% model fraction differs from 43.5 to 

43.2 MJ/kg. The loss of the heating performance of the Jet A-1 differs due to the reuse 

of the still, see. Eq. (6.41) 

stillfraction1JetA mmm    (6.40) 

stillstill
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.cond.condfraction´fraction
loss
fuel LHVm)H(LHV)mm(LHVmQ    (6.41) 

)LHVLHV(mH elmod.Pseudfraction
fraction

elmod    (6.42) 

The PSA offgas used for the burner is calculated the same as with the reference process. 

The difference in product composition of the two Jet A-1 fractions leads to a deviation 

in LHV of the PSA offgas and the condensate. Two different fraction model mixtures 

10 wt.-% and 20 wt.-% Jet A-1 fraction are integrated with the process concept. The 

LHV of the fraction, the condensate, the PSA offgas and the still of the 10 wt.-% and 20 

wt.-% model fractions are presented in table 6.10  
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Table – 6.10 lower heating values of fuel streams within the process concept with 10 and 

20 wt.-% Jet A-1 fraction 

LHV of fuel 

streams 

pseudo c. 

fraction 

model 

fraction 

pseudo c. 

still 

PSA 

offgas 
condensate 

MJ/kg 

10 wt.-% 43.5 43.2 43.4 78.3 42.7 

20 wt.-% 43.6 43.2 43.3 86.4 42.9 

 

The composition of the PSA offgas of the 10 wt.-% fraction has a higher content of 

gaseous hydrocarbons which decreases the LHV. The loss of heating performance of 

the kerosene depends on the fraction distilled and on the hydrogen yield. For the 

system efficiency calculation, the heat demand of the reboiler of the rectification has to 

be added up with the energy losses of Jet A-1, see Eq. (6.43)  

reboiler
loss
fuel

P.elPEMFCPSAH
.cond

Hprocess
system

QQ

PLHVm
22








  (6.43) 

The thermal efficiency of the process concept is calculated equivalent to the reference 

process which is without the efficiency loses from the fuel cell, see Eq. (6.44). 

reboiler
loss
fuel

P.elPSAH
.cond

Hprocess

thermal
QQ

PLHVm
22








  (6.44) 

Since more external heat demand has to be integrated with the process concept than 

with the reference concept, the efficiency of the system will be smaller unless the 

hydrogen yield would be much higher with Jet A-1 fraction model mixture than with 

the ULSK model mixture. The efficiency of the concept mainly depends on the 

hydrogen yield, see Table 6.11.  

Table 6.11 - efficiency, fuel and system performance of the base case process concept with 

rectification 

process 

concept 

reference
system  process

thermal  P.elP  PSAoffgasQ  loss
fuelQ  

reboilerQ  
2HY  

[%] [kW] [nlH2/kgfeed] 

10 wt.-% 16.1 32.3 0.6 64.2 381.1 174.3 128.2 

20 wt.-% 11.7 23.6 0.96 58.1 443.2 315.2 80.3 
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The mass stream of the fraction needed for the 90 kW systems depends on the 

hydrogen yield. With the hydrogen yield of the 20 wt.-% model mixture being lower 

than with the 10 wt.-%, the reboiler heat duty has to rise due to the higher amount of 

feed mass stream needed for dehydrogenation. Furthermore, the amount of fuel for 

combustion is increasing with the higher feed stream, which needs to be evaporated 

and preheated to reaction temperature. This also causes a higher air mass stream for 

combustion, which has to be heated. After heating the Jet A-1 feed stream, the flue 

stream is used for preheating the combustion air. With increasing Jet A-1 feed stream, 

the enthalpy of the flue stream for the heat transfer to the air is declining. The air mass 

stream is than heated up, but with less temperature increase, causing more fuel 

consumption in the burner. The burner heating performance is adjusted to the reactor 

heat demand and the feed stream. The air stream temperature can only be preheated 

after heat exchanger restrictions defined in the previous chapter.  

6.5.3 Variation of the Hydrogen Yield 

The conditions in the dehydrogenation reactor are defined by the model components, 

the model reaction, the conversion rates and the conversion factors of the reaction. 

These are defined to suit the experimental conditions and to calculate a fitted hydrogen 

yield and product composition, which leads to a calculated heat of reaction for the 

reactor. The system efficiency mainly depends on the hydrogen yield calculated from 

the conversion rate of the model components. To achieve a higher efficiency of the 

system, a higher hydrogen yield would be necessary. The experimental results show a 

specific hydrogen yield which depends on the model mixture composition, the 

reaction conditions and the catalyst. In the flow sheet simulation, the conversion rates 

of model components can be raised to achieve an increased hydrogen yield, thereby 

increasing the efficiency of the system. This sensitivity analysis has to be run under 

defined conditions in order to calculate a theoretical maximum hydrogen yield. 

Cycloalkane components lead to the most hydrogen yield and do not cause side 

products like carbon and gaseous hydrocarbons. The conversion of other components 

comes with negative side products. Therefore, only the conversion rate of cycloalkanes 

is increased up to 100 % to calculate a theoretical maximum efficiency of the system. 

Fig. 6.13 shows the system efficiency dependent on the hydrogen yield, which is 

gradually increased from the experimental database case.  
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Fig.6.13 - system efficiency dependent on the variation of the hydrogen yield by increasing the 

conversion rate of cycloalkanes 

For the reference concept, the total conversion of the cycloalkanes would lead to an 

system efficiency of 24.9 %. The maximum thermal efficiency of the reference concept 

would be 49.7 %. The process concept shows that the maximum achieved efficiency 

with 20 wt.-% fraction is 20 % while the maximum thermal efficiency would be 40.1 %. 

The maximum efficiency of the process concept with the 10 wt.-% fraction only differs 

by 0.1 %. By increasing the conversion of cycloalkanes, the hydrogen yield of both 

fractions can be set to the same amount. The difference in cycloalkane content makes 

the difference in the theoretical maximum hydrogen yield. For all concepts, it has to be 

taken into consideration that an increased conversion of cycloalkanes leads to more 

aromatic hydrocarbons in the condensate, which will exceed aviation restrictions. 

In case the same amount of hydrogen is produced with both mass fractions, the mass 

flow of the fraction has to be the same to achieve the system performance of 90 kW. 

The reboiler heat demand only differs in the amount of enthalpy that is needed to 

distillate the fraction with higher boiling range, since the distillated mass stream stays 

the same. The feed stream into the rectification has to be adjusted to the required 

fraction mass stream. The equivalent amount of still is then leaving the rectification 

system, and therefore an equivalent enthalpy stream of the still can be used for 

preheating the feed stream. The heat stream, which is recovered from the condensation 

enthalpy of the fraction only differs in the enthalpy needed for condensation of a 

higher boiling range. The heat recovery of the dehydrogenation product stream is, in 

case of the same hydrogen yield, similar with both fractions, since the mass stream and 

temperature are the same. The composition is also very similar, leading to similar heat 

capacity. The higher efficiency of the alternative heat exchanger grid for the 20 wt.-% 

fraction is caused by the higher air preheating. The external heat demand for the 

reboiler stays the same. 
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6.6 Conclusion of Process Simulation 

The objectives of the process simulation of the process concept with rectification and 

the reference process is to identify possible heat integration of the system, and on the 

basis of the energy targets, to calculate the efficiency of both systems. The results can 

be used for comparing a fuel cell APU system provided with hydrogen from PCD of 

Jet fuel with a regular gas turbine APU used to generate electric energy on board an 

airplane while on land operation. The heat and material integration is accomplished 

with pinch analyses for both concepts. For the reference concept using ULSK as input 

stream, the energy demand can be covered by an integrated burner and the recovering 

of enthalpy streams within the system. The process concept with rectification demands 

an external heat source to provide the enthalpy demand to the reboiler of the 

rectification. Both systems require a significant amount of energy for evaporation of 

the fuel streams, since the hydrogen output from PCD has to generate 90 kW of electric 

energy from a PEMFC with a thermal efficiency of ηPEMFC = 50 %. This leads to a massive 

circulation of fuel within the system. Fig. 6.14 presents the energy balance of the fuel 

streams of both processes without the fuel cell concerning the system efficiency but 

considering the thermal efficiency of the PSA of ηPSA = 80 %. Comparing the two 

concepts, the circulation of the fuel stream is almost 6 times higher for the process 

concept with rectification than for the reference concept. Considering a regular Airbus 

A320 with a maximum tank capacity of 19220 l or 24028 kg jet fuel [132], to run the 

reference concept for one hour, 4.2 % of the tank filling is used for the PEMFC APU 

system, of which 99.2 % is recovered and can be reused for propulsion. For the process 

concept with rectification with 10 wt-% fractionation, 24.5 % of the tank filling would 

have to be evaporated to run a PEMFC APU system for one hour, of which 99.8 % can 

be reused in the tank. 
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Fig. 6.14 – energy balance of fuel streams for the reference process (left) and the process 

concept with rectification with 10 wt-% fractionation (right) 

Within the reference concept, 2 % of the fuel mass stream is recycled for combustions 

to provide heat for the system. The hydrogen mass stream leaving after the PSA is 0.5 

% of the input mass stream of ULSK. For the process concept, only 0.3 % of input mass 

stream is reused in combustion, while the hydrogen product stream is 0.09 % of the 

total feed mass stream of Jet A-1.  

Considering the amount of fuel that has to be conditioned and recycled in the system, 

the process concept with rectification requires, in comparison to the reference concept, 

more utilization of periphery systems, in particular an external heat source for the 

rectification. Further, the rectification process itself is on one hand an effective 

desulfurization process, but requires adjustment in sizes, process performance and 

execution to fit transportation and aviation requirements. 

The reference system running with desulfurized kerosene requires less expenditure for 

implementation into an aviation environment. The desulfurization of jet fuel is a 

widely researched field, due to environmental issues of releasing SO2 from 

combustion. The provision of desulfurized jet fuel can become more frequent with 

more strict environmental restrictions [1]. Due its higher potential for system efficiency 

and it being the less demanding concept when it comes to process elements, heat and 

material integration, the reference process is the most promising process concept for 

the PCD of jet fuel presented in this work. 
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7 Summary and Conclusion 

The partial catalytic dehydrogenation (PCD) of kerosene has the potential to provide 

a hydrogen rich product gas of over 95 vol.-% of hydrogen purity. This product gas 

contains only hydrocarbons as impurities, which can be removed by a (pressure swing 

adsorption) PSA for high purity hydrogen suitable for a polymer membrane fuel cell 

(PEMFC). The process is therefore suitable for fuel cell auxiliary power unit (FC APU) 

systems despite the fact that catalytic dehydrogenation requires desulfurized kerosene 

or a desulfurization system before the reactor to reduce or even avoid catalyst 

deactivation by sulfur poisoning. The objective of this work is to develop and evaluate 

two process concepts which can provide hydrogen to a PEMFC, one working with 

regular kerosene Jet A-1 including a desulfurization system by thermal fractionation 

and a reference concept provided with ultra- low- sulfur kerosene (ULSK). In this 

context, the PCD of kerosene is investigated experimentally to define suitable reaction 

conditions and learn about the reaction products and boundary conditions leading to 

reaction stability and high hydrogen yield and purity of the product gas. For this scope, 

methods are developed which allow the evaluation of the complex dehydrogenation 

reactions and the introduction of experimental results into a process simulation to 

evaluate the efficiency of both process concepts. Detailed chemical composition of Jet 

A-1 and ULSK are investigated, and the complex hydrocarbon mixture of the 

evaluated samples is distributed among hydrocarbon groups contained in kerosene. 

This allows the definition of model components and model mixtures representing the 

chemical composition of kerosene.  

For the desulfurization process, the concept of rectification is chosen. The sulfur 

containing components are removed due to their high boiling range within the 

kerosene hydrocarbon composition. With the rectification process, kerosene fractions 

between 5 wt.-% and 30 wt.-% of the original Jet A-1 are produced, whose sulfur 

content and physical and chemical properties are dependent on the distillated mass 

fraction. Those fractions are analyzed in detail and experimentally evaluated to 

identify fractions for the further investigation of the reference concept and process 

simulation. 

The defined model components are used to design model mixtures for ULSK and the 

chosen Jet A-1 fractions. The simplification of the complex kerosene enables the 

examination of PCD dependent on the chemical structure of the chosen components 

and the influence of hydrocarbon groups upon one another regarding hydrogen yield, 

product composition and stability of the reaction. Further, the simplified model 
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mixtures can be introduced in the process simulation, and the heat demand for the 

reactor is calculated from the chosen reaction products of the experimental results. 

First single component tests are performed at different reaction conditions of 

temperature, pressure and contact time on the catalyst. The results are used to prepare 

the selection of reaction conditions. By experimental evaluation of the model mixtures, 

the reactions conditions are defined at 425°C, 8 bar system pressure and 4 sec of contact 

time. By adding the sulfur component benzothiophen to the model mixtures, the 

influence of the actual sulfur content in the real ULSK and Jet A-1 fraction is tested on 

the catalyst and compared to the dehydrogenation of the real fuel and fraction. 

The hydrocarbon group of cycloalkanes shows high potential for hydrogen output, but 

their conversion can be decreased due to catalyst deactivation from carbon deposit on 

the catalyst surface. In particular, n-Alkanes show a tendency towards carbon 

formation. An increased hydrogen partial pressure reduces carbon formation and 

increases catalyst life time. Though, increased gaseous cracking products can appear 

from n-alkanes while cracking from the tested iso-alkanes is suppressed with increased 

hydrogen partial pressure. The hydrocarbon group of aromatic hydrocarbons shows 

little conversion. Though the components contribute to carbon formation, which also 

can be reduced by increased hydrogen pressure of the system. The addition of sulfur 

causes strong deactivation of the catalyst, but the hydrogen yield is mostly dependent 

on the hydrocarbon composition of the tested mixture. With high content of 

cycloalkanes and hydrocarbons with shorter carbon atom chains of up to ten carbon 

atoms, relatively stable reaction progress is achieved despite the sulfur. With the real 

ULSK and Jet A-1 fractions, the content of long chain hydrocarbons, cannot be 

completely removed with rectification. The formation of carbon increases strongly, 

which leads to quick catalyst deactivation in addition to the sulfur poisoning.  

For the modelling of the PDC reactor in the process simulation, simplified reactions 

are chosen from the product composition of the dehydrogenation tests of the model 

components and the conversion rates are taken from model mixtures. For the process 

concept with desulfurization by thermal fractionation, a low pressure rectification 

system is combined with an 8 bar dehydrogenation reactor by pressurizing the liquid 

Jet A-1 fraction. From the experimental evaluation, the 10 wt.-% and 20 wt.-% Jet A-1 

fractions were chosen. For the reference process, the ULSK is pressurized and then 

evaporated before entering the reactor. In both cases, the product gas conditioning is 

accomplished by PSA, which also depends on increased pressure for high efficiency 

purification of hydrogen. To achieve a as high as possible system efficiency, the 

internal heat and material streams are integrated. In this way, the heat for evaporation 
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of the feed stream is provided. The heat demand to the reactor is provided by 

combustion of the dehydrogenated condensate and the off gas from the PSA.  

The system efficiency of both concepts are calculated to provide 90 kW of electrical 

power to an operating aircraft. For the process concept with rectification and 10 wt.-% 

Jet A-1, an efficiency of 16.5 % including PEMFC is achieved, resulting in an 

experimental hydrogen yield of 128.2 NlH2/kgfeed. The reference concept shows an 

system efficiency of 20.7 % with a hydrogen yield of 75.2 NlH2/kgfeed. For the evaluation 

of the concepts, the amount of fuel that has to be conditioned and recycled in the 

system is also important. The desulfurization of kerosene by rectification reduces the 

sulfur in the fraction efficiently. However, the feed demand when operating the 

fractionation at low mass stream output is not suitable for a APU concept, which needs 

to be compact. For the consideration of a APU concept, the PCD should be provided 

with a desulfurized fuel. Therefore, the reference concept shows more potential 

including higher efficiency.  

As a conclusion to the experimental investigations, the dehydrogenation of 

hydrocarbons in fuel mixtures provides a high quality product gas which can be used 

for fuel cell application. The hydrocarbon composition of kerosene is not ideal to the 

process, however, since formation of carbon cannot be avoided under suitable 

conditions for an APU system. The product output and catalyst life is highly 

dependent on the feed composition. Therefore, the provision of a fuel with a defined 

composition which suits the dehydrogenation process as well as propulsion on an 

aircraft is needed to develop a robust system. The experimental results in this work 

provides detailed information to design fuels for dehydrogenation. As the 

development of renewable Fischer- Tropsch fuels are sulfur free, they can be refined 

for the  defined application.  

 

  



142 7. Summary and Conclusion  

 

  



8.1. Hydrocarbon Group Composition of Kerosene 143 

8 Appendix 

8.1 Hydrocarbon Group Composition of Kerosene 

In the following the detailed hydrocarbon groups composition over the carbon atom 

number Cn of Jet A-1 and ULSK are presented. The detailed composition is used in the 

graphical depiction in chapter Fig. 3.3. 

Table 8.1 - detailed composition of hydrocarbon groups in Jet A-1 

Jet A-1 
n-

alkane 

iso-

alkane 

cyclo-

alkane 

dicyclo-

alkane 

aromatic 

hyro-

carbons 

diaromatic 

hydro-

carbons 

sum-

marized 

content 

Cn CnH2n+2 CnH2n+2 CnH2n CnH2n-2 CnH2n-6 CnH2n-10 wt.-% 

6 0 0 0 0 0.01 0 0.01 

7 0.03 0 0.12 0 0.07 0 0.23 

8 0.89 0.31 1.12 0 1.95 0 4.27 

9 2.87 0.60 3.72 0 5.97 0 13.15 

10 5.86 5.51 4.35 0.74 4.20 0.46 21.11 

11 6.77 2.40 1.45 0.84 4.18 0.50 16.15 

12 4.50 2.14 1.01 0 2.02 0.91 10.57 

13 3.35 2.66 0.25 0 0.61 0 6.87 

14 1.87 1.56 0.14 0 0 0 3.57 

15 0.64 0.48 0 0 0 0 1.13 

16 0.23 0 0 0 0 0 0.23 

17 0.04 0 0 0 0 0 0.04 

18 0.01 0 0 0 0 0 0.01 

summary 27.07 15.65 12.16 1.58 19.02 1.87 77.34 

corrected 27.07 27.72 21.53 2.80 19.02 1.87 100.00 

molar 

mass 
161.77 138.20 145.48 133.95 147.41 159.36 150.03 
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Table 8.2 - detailed composition of hydrocarbon groups in ULSK 

ULSK 
n-

alkane 

iso-

alkane 

cyclo-

alkane 

dicyclo

-alkane 

aromatic 

hyro-

carbons 

diaromatic 

hydro-

carbons 

sum-

marized 

content 

Cn CnH2n+2 CnH2n+2 CnH2n CnH2n-2 CnH2n-6 CnH2n-10 wt.-% 

6 0 0 0 0 0 0 0.01 

7 0.03 0 0.13 0 0.19 0 0.35 

8 0.93 0.29 1.28 0 3.90 0 6.39 

9 5.40 1.24 6.67 0 9.63 0 22.94 

10 7.70 11.20 6.74 0.76 3.71 0.13 30.24 

11 5.10 3.20 1.28 0.49 2.09 0.1 12.25 

12 2.44 1.09 0.36 0 0.39 0.2 4.48 

13 1.19 0.81 0.04 0 0.19 0 2.23 

14 0.59 0.33 0.02 0 0 0 0.94 

15 0.26 0.08 0 0 0 0 0.33 

16 0.11 0 0 0 0 0 0.11 

17 0 0 0 0 0 0 0.05 

18 0 0 0 0 0 0 0.02 

summary 23.80 18.22 16.51 1.25 20.11 0.43 80.32 

corrected 23.80 28.19 25.54 1.93 20.11 0.43 100.00 

molar 

mass 
147.89 133.73 143.53 123.83 146.16 148.44 139.48 
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8.2 Experimental Test Matrix 

The experimental test matrix presented in table 8.3, follows the methodology described 

in chapter 4.5.3.  

Table 8.3 –test matrix of dehydrogenation experiments of model components, model mixtures, 

Jet A-1 fractions and ULSK 

Feed 
mass 

stream 

reaction 

temperature 

TC1 

system 

pressure 

contact 

time 

catalyst 

bed 

length 

evaporation 

temperature 

[-] kg/h [°C] [bar] [sec] [cm] [°C] 

decane 10 

350 

1 2 

3.00 

200 

375 3.12 

400 3.24 

425 3.36 

450 3.48 

500 3.72 

       

MCH 10 

375 

1 2 

4.52 

120 
400 4.75 

425 4.87 

450 5.04 

       

decane 

20 

400 

3 

2 

2.16 250 

40 

5 2.6 275 

8 
1.62 

300 
425 1.68 

10 

400 

1 

4 

6.47 200 

20 3 4.32 250 

40 

5 5.18 275 

8 
3.24 

300 
425 3.67 

       

MCH 
10 

400 
3 

2 
1.56 165 

20 5 1.88 190 
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Feed 
mass 

stream 

reaction 

temperature 

TC1 

system 

pressure 

contact 

time 

catalyst 

bed 

length 

evaporation 

temperature 

[-] kg/h [°C] [bar] [sec] [cm] [°C] 

MCH 

40  8  2.38 220 

 425   2.43  

10 

400 

1 

4 

9.38 120 

10 3 3.13 165 

20 5 3.75 190 

40 8 
4.75 

220 
425 4.87 

       

decalin 
10 400 1 2 3.33 205 

40 425 8 4 3.46 320 

nonane 
10 400 1 2 3.59 160 

40 425 8 4 3.72 260 

dodecane 
10 400 1 2 2.70 230 

40 425 8 4 2.80 330 

isooctane 
10 400 1 2 4.03 120 

40 425 8 4 4.18 220 

p-xylene 
10 400 1 2 3.33 170 

40 425 8 4 3.45 270 

n-butylbenznene 
10 400 1 2 3.43 190 

40 425 8 4 3.56 330 

       

p-xylene/MCH 

10 400 1 2 

4.53 130 

isooctne/MCH 4.34 110 

decane/MCH 3.89 160 

       

4 component 

model mixture 

10 400 1 2 4.02 140 

40 425 8 4 4.17 240 
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Feed 
mass 

stream 

reaction 

temperature 

TC1 

system 

pressure 

contact 

time 

catalyst 

bed 

length 

evaporation 

temperature 

[-] kg/h [°C] [bar] [sec] [cm] [°C] 

ULSK model 

mixture 

10 400 1 2 3.43 220 

40 425 8 4 3.56 320 

with 3 ppmw 

sulfur 
40 425 8 4 3.56 320 

       

ULSK 
10 400 1 2 3.31 240 

40 425 8 4 3.43 320 

       

5 wt.-% Jet A-1 

fraction 

40 425 8 4 

4.08 

320 

10 wt.-% Jet A-1 

fraction 
3.92 

15 wt.-% Jet A-1 

fraction 
3.82 

20 wt.-% Jet A-1 

fraction 
3.72 

25 wt.-% Jet A-1 

fraction 
3.69 

30 wt.-% Jet A-1 

fraction 
3.66 

       

10 wt.-% Jet A-1 

fraction 

40 425 8 4 

3.86 

320 

with 8 ppmw 

sulfur 

20 wt.-% Jet A-1 

fraction 
3.72 

with 15 ppmw 

sulfur 

 

  



148 8. Appendix  

 

 



8.
 A

p
p

en
d

ix
 

14
9 

8.
3 

Id
en

ti
fi

ed
 C

o
m

p
o

n
en

t 
C

o
m

p
o

si
ti

o
n

 

T
h

e 
fo

ll
o

w
in

g
 t

ab
le

 p
re

se
n

ts
 a

ll
 id

en
ti

fi
ed

 c
o

m
p

o
n

en
ts

 a
n

al
y

ze
d

 b
e 

G
C

M
S

 a
n

d
 G

C
F

ID
 f

ro
m

 t
h

e 
co

n
d

en
sa

te
s 

o
f 

th
e 

si
n

g
le

 c
o

m
p

o
n

en
ts

 

d
eh

y
d

ro
g

en
at

io
n

 t
es

ts
 a

n
d

 t
h

e 
co

m
p

o
si

ti
o

n
 o

f 
U

L
S

K
 a

n
d

 J
et

 A
-1

. 

8.
4 

– 
id

en
ti

fi
ed

 c
o

m
p

o
n

en
ts

 w
it

h
 G

C
M

S
 a

n
d

 G
C

F
ID

 a
n

al
y

zi
n

g
 m

et
h

o
d

 o
f 

p
ro

d
u

ct
 c

o
m

p
o

n
en

ts
 f

ro
m

 s
in

g
le

 c
o

m
p

o
n

en
ts

 t
es

ts
 

an
d

 t
h

e 
d

et
ec

te
d

 c
o

n
te

n
t 

in
 U

L
S

K
 a

n
d

 J
et

 A
-1

 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

1 
H

ex
an

e 
C

6H
14

 
n

-a
lk

an
es

 
 

 
x

 
x

 
x

 
 

 
 

x
 

x
 

2 
H

ep
ta

n
e 

C
7H

16
 

n
-a

lk
an

es
 

 
 

x
 

x
 

x
 

 
 

 
x

 
x

 

3 
O

ct
an

e 
C

8H
18

 
n

-a
lk

an
es

 
 

 
x

 
x

 
x

 
 

 
 

x
 

x
 

4 
N

o
n

an
e 

C
9H

20
 

n
-a

lk
an

es
 

 
 

x
 

x
 

x
 

 
 

 
x

 
x

 

5 
D

ec
an

e 
C

10
H

22
 

n
-a

lk
an

es
 

 
 

 
x

 
x

 
 

 
 

x
 

x
 

6 
U

n
d

ec
an

e 
C

11
H

24
 

n
-a

lk
an

es
 

 
 

 
x

 
x

 
 

 
 

x
 

x
 

7 
D

o
d

ec
an

e 
C

12
H

26
 

n
-a

lk
an

es
 

 
 

 
x

 
x

 
 

 
 

x
 

x
 

8 
T

ri
d

ec
an

e 
C

13
H

28
 

n
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

9 
T

et
ra

d
ec

an
e 

C
14

H
30

 
n

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

10
 

P
en

ta
d

ec
an

e 
C

15
H

32
 

n
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

11
 

H
ex

ad
ec

an
e 

C
16

H
34

 
n

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

12
 

H
ep

ta
d

ec
an

e 
C

17
H

36
 

n
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

13
 

O
ct

ad
ec

an
e 

C
18

H
38

 
n

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 149 



15
0 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

14
 

N
o

n
ad

ec
an

e 
C

19
H

40
 

n
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

15
 

E
ic

o
sa

n
 

C
20

H
42

 
n

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

16
 

H
en

ik
o

sa
n

 
C

21
H

44
 

n
-a

lk
an

es
 

 
 

 
 

 
 

 
 

 
x

 

17
 

D
o

k
o

sa
n

 
C

22
H

46
 

n
-a

lk
an

es
 

 
 

 
 

 
 

 
 

 
x

 

18
 

1-
H

ep
ta

n
e 

C
7H

14
 

n
-a

lk
en

es
 

 
 

 
 

x
 

 
 

 
 

 

19
 

1-
O

ct
en

e 
C

8H
16

 
n

-a
lk

en
es

 
 

 
 

x
 

 
 

 
 

 
 

20
 

N
o

n
en

e-
1 

C
9H

18
 

n
-a

lk
en

es
 

 
 

x
 

 
 

 
 

 
 

 

21
 

N
o

n
en

e-
3 

ci
s 

C
9H

18
 

n
-a

lk
en

es
 

 
 

x
 

 
 

 
 

 
 

 

22
 

N
o

n
en

e-
3 

tr
an

s 
C

9H
18

 
n

-a
lk

en
es

 
 

 
x

 
x

 
 

 
 

 
 

 

23
 

N
o

n
en

e-
2 

C
9H

18
 

n
-a

lk
en

es
 

 
 

x
 

x
 

 
 

 
 

 
 

24
 

N
o

n
en

e-
1 

C
9H

18
 

n
-a

lk
en

es
 

 
 

x
 

 
 

 
 

 
 

 

25
 

1-
D

ec
en

e 
C

10
H

20
 

n
-a

lk
en

es
 

 
 

 
x

 
x

 
 

 
 

 
 

26
 

5-
D

ec
en

e 
C

10
H

20
 

n
-a

lk
en

es
 

 
 

 
x

 
 

 
 

 
 

 

27
 

3-
D

ec
en

e 
C

10
H

20
 

n
-a

lk
en

es
 

 
 

 
x

 
 

 
 

 
 

 

28
 

4-
D

ec
en

e 
C

10
H

20
 

n
-a

lk
en

es
 

 
 

 
x

 
 

 
 

 
 

 

29
 

2-
D

ec
en

e 
C

10
H

20
 

n
-a

lk
en

es
 

 
 

 
x

 
 

 
 

 
 

 

 
 

150 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

15
1 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

30
 

4,
6-

D
ec

ad
ie

n
e 

C
10

H
18

 
n

-a
lk

en
es

 
 

 
 

x
 

 
 

 
 

 
 

31
 

6-
D

o
d

ec
en

e 
C

12
H

24
 

n
-a

lk
en

es
 

 
 

 
 

x
 

 
 

 
 

 

32
 

3-
D

o
d

ec
en

e 

tr
an

s 
C

12
H

24
 

n
-a

lk
en

es
 

 
 

 
 

x
 

 
 

 
 

 

33
 

3-
D

o
d

ec
en

e 

ci
s 

C
12

H
24

 
n

-a
lk

en
es

 
 

 
 

 
x

 
 

 
 

 
 

34
 

2-
D

o
d

ec
en

e 
C

12
H

24
 

n
-a

lk
en

es
 

 
 

 
 

x
 

 
 

 
 

 

35
 

5-
D

o
d

ec
en

e 
C

12
H

24
 

n
-a

lk
en

es
 

 
 

 
 

x
 

 
 

 
 

 

36
 

P
en

ta
n

e,
 

2,
2,

4-

tr
im

et
h

y
l-

 

C
8H

18
 

is
o

-a
lk

an
es

 
 

 
 

 
 

x
 

 
 

 
 

36
 

H
ex

an
e,

 2
,4

-

d
im

et
h

y
l-

 
C

8H
18

 
is

o
-a

lk
an

es
 

 
 

 
 

 
x

 
 

 
 

 

37
 

P
en

ta
n

e,
 

2,
3,

4-

tr
im

et
h

y
l 

C
8H

18
 

is
o

-a
lk

an
es

 
 

 
 

 
 

x
 

 
 

 
 

38
 

H
ep

ta
n

e,
 2

-

m
et

h
y

l-
 

C
8H

18
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

39
 

H
ep

ta
n

e,
 3

-

m
et

h
y

l-
 

C
8H

18
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 151 



15
2 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

40
 

H
ex

an
e,

 

2,
3,

5-

tr
im

et
h

y
l-

 

C
9H

20
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

41
 

H
ep

ta
n

e,
 2

,6
-

d
im

et
h

y
l-

 
C

9H
20

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

42
 

H
ep

ta
n

e,
 2

,5
-

d
im

et
h

y
l-

 
C

9H
20

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

43
 

H
ep

ta
n

e,
 2

,4
-

d
im

et
h

y
l-

 
C

9H
20

 
is

o
-a

lk
an

es
 

 
 

 
x

 
 

 
 

 
x

 
x

 

44
 

H
ep

ta
n

e,
 2

,3
-

d
im

et
h

y
l-

 
C

9H
20

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

45
 

H
ep

ta
n

e,
 4

-

et
h

y
l-

 
C

9H
20

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

46
 

O
ct

an
e,

 4
-

m
et

h
y

l-
 

C
9H

20
 

is
o

-a
lk

an
es

 
 

 
x

 
 

 
 

 
 

 
 

47
 

O
ct

an
e,

 2
-

m
et

h
y

l-
 

C
9H

20
 

is
o

-a
lk

an
es

 
 

 
x

 
 

 
 

 
 

x
 

x
 

48
 

O
ct

an
e,

 3
-

m
et

h
y

l-
 

C
9H

20
 

is
o

-a
lk

an
es

 
 

 
x

 
 

 
 

 
 

x
 

x
 

49
 

H
ep

ta
n

e,
 3

-

et
h

y
l-

 
C

9H
20

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

 
 

152 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

15
3 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

50
 

H
ep

ta
n

e,
 

2,
4,

6-

tr
im

et
h

y
l-

 

C
10

H
22

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

 
 

51
 

O
ct

an
e,

 3
,5

-

d
im

et
h

y
l-

 
C

10
H

22
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
 

 

52
 

O
ct

an
e,

 2
,6

-

d
im

et
h

y
l-

 
C

10
H

22
 

is
o

-a
lk

an
es

 
 

 
 

x
 

 
 

 
 

 
 

53
 

O
ct

an
e,

 4
-

et
h

y
l-

 
C

10
H

22
 

is
o

-a
lk

an
es

 
 

 
 

x
 

 
 

 
 

 
 

54
 

0 
- 

u
n

b
ek

an
n

te
s 

Is
o

-A
lc

an
e 

C
10

H
22

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

 
 

55
 

N
o

n
an

e,
 5

-

m
et

h
y

l-
 

C
10

H
22

 
is

o
-a

lk
an

es
 

 
 

 
x

 
 

 
 

 
 

 

56
 

N
o

n
an

e,
 4

-

m
et

h
y

l-
 

C
10

H
22

 
is

o
-a

lk
an

es
 

 
 

 
x

 
 

 
 

 
 

 

57
 

N
o

n
an

e,
 2

-

m
et

h
y

l-
 

C
10

H
22

 
is

o
-a

lk
an

es
 

 
 

 
x

 
 

 
 

 
 

 

58
 

O
ct

an
e,

 3
-

et
h

y
l-

 
C

10
H

22
 

is
o

-a
lk

an
es

 
 

 
 

x
 

 
 

 
 

 
 

59
 

N
o

n
an

e,
 2

,6
-

d
im

et
h

y
l-

 
C

11
H

24
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 153 



15
4 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

60
 

O
ct

an
e,

 5
-

et
h

y
l-

2-

m
et

h
y

l-
 

C
11

H
24

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

61
 

D
ec

an
e,

 5
-

m
et

h
y

l-
 

C
11

H
24

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

62
 

D
ec

an
e,

 4
-

m
et

h
y

l-
 

C
11

H
24

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

63
 

D
ec

an
e,

 3
,7

-

d
im

et
h

y
l-

 
C

12
H

26
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

64
 

U
n

d
ec

an
e,

 6
-

m
et

h
y

l-
 

C
12

H
26

 
is

o
-a

lk
an

es
 

 
 

 
 

x
 

 
 

 
 

 

65
 

U
n

d
ec

an
e,

 5
-

m
et

h
y

l-
 

C
12

H
26

 
is

o
-a

lk
an

es
 

 
 

 
 

x
 

 
 

 
 

 

66
 

U
n

d
ec

an
e,

 4
-

m
et

h
y

l-
 

C
12

H
26

 
is

o
-a

lk
an

es
 

 
 

 
 

x
 

 
 

 
 

 

67
 

U
n

d
ec

an
e,

 2
-

m
et

h
y

l-
 

C
12

H
26

 
is

o
-a

lk
an

es
 

 
 

 
 

x
 

 
 

 
x

 
x

 

68
 

U
n

d
ec

an
e,

 3
-

m
et

h
y

l-
 

C
12

H
26

 
is

o
-a

lk
an

es
 

 
 

 
 

x
 

 
 

 
x

 
 

69
 

U
n

d
ec

an
e,

 

2,
6-

d
im

et
h

y
l-

 
C

13
H

28
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
 

 
 

154 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

15
5 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

70
 

U
n

d
ec

an
e,

 

2,
5-

d
im

et
h

y
l-

 
C

13
H

28
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

71
 

D
o

d
ec

an
e,

 4
-

m
et

h
y

l-
 

C
13

H
28

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

72
 

D
o

d
ec

an
e,

 2
-

m
et

h
y

l-
 

C
13

H
28

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

73
 

U
n

d
ec

an
e,

 6
-

et
h

y
l-

 
C

13
H

28
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

74
 

T
ri

d
ec

an
e,

 6
-

m
et

h
y

l-
 

C
14

H
30

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

75
 

D
o

d
ec

an
e,

 

2,
5-

d
im

et
h

y
l-

 
C

14
H

30
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

76
 

T
ri

d
ec

an
e,

 2
-

m
et

h
y

l-
 

C
14

H
30

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

77
 

T
ri

d
ec

an
e,

 3
-

m
et

h
y

l-
 

C
14

H
30

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

78
 

D
o

d
ec

an
e,

 

4,
6-

d
im

et
h

y
l-

 
C

14
H

30
 

is
o

-a
lk

an
es

 
 

 
 

 
x

 
 

 
 

 
 

79
 

T
et

ra
d

ec
an

e,
 

4-
m

et
h

y
l-

 
C

15
H

32
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

80
 

T
et

ra
d

ec
an

e,
 

2-
m

et
h

y
l-

 
C

15
H

32
 

is
o

-a
lk

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 155 



15
6 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

81
 

D
o

d
ec

an
e,

 

2,
6,

10
-

tr
im

et
h

y
l-

 

C
15

H
32

 
is

o
-a

lk
an

es
 

 
 

 
 

 
 

 
 

x
 

x
 

82
 

1-
P

en
te

n
e,

 2
-

m
et

h
y

l-
 

C
6H

12
 

is
o

-a
lk

en
es

 
 

 
x

 
 

x
 

 
 

 
 

 

83
 

P
et

an
e,

 3
-

m
et

h
y

l-
 

C
6H

14
 

is
o

-a
lk

en
es

 
 

 
x

 
 

 
 

 
 

 
 

84
 

1-
P

en
te

n
e,

 

2,
4,

4-

tr
im

et
h

y
l 

C
8H

16
 

is
o

-a
lk

en
es

 
 

 
 

 
 

x
 

 
 

 
 

85
 

2-
P

en
te

n
e,

 

2,
4,

4-

tr
im

et
h

y
l 

C
8H

16
 

is
o

-a
lk

en
es

 
 

 
 

 
 

x
 

 
 

 
 

86
 

1-
H

ex
en

e,
 

3,
5-

d
im

et
h

y
l-

 
C

8H
16

 
is

o
-a

lk
en

es
 

 
 

 
 

 
x

 
 

 
 

 

87
 

P
en

te
n

e,
 

2,
3,

4-

tr
im

et
h

y
l-

 

C
8H

16
 

is
o

-a
lk

en
es

 
 

 
 

 
 

x
 

 
 

 
 

88
 

C
y

cl
o

-

h
ex

an
e 

C
6H

12
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
x

 
 

 
 

 

89
 

C
y

cl
o

h
ex

an
e,

 

m
et

h
y

l-
 

C
7H

14
 

cy
cl

o
-

al
k

an
es

 
x

 
 

 
 

 
x

 
 

 
x

 
x

 

 
 

156 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

15
7 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

90
 

C
y

cl
o

p
en

ta
n

e,
 e

th
y

l-
 

C
7H

14
 

cy
cl

o
-

al
k

an
es

 
x

 
 

 
 

 
 

 
 

x
 

x
 

91
 

C
y

cl
o

p
en

ta
n

e,
 1

,2
,4

-

tr
im

et
h

y
l-

 

C
8H

16
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

92
 

C
y

cl
o

h
ex

an
e,

 

1,
3-

d
im

et
h

y
l-

 

C
is

 

C
8H

16
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

93
 

C
y

cl
o

h
ex

an
e,

 

1,
2-

d
im

et
h

y
l-

 

T
ra

n
s 

C
8H

16
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

94
 

C
y

cl
o

p
ro

p
an

e,
 p

en
ty

l-
 

C
8H

16
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
x

 
 

 
 

 
 

95
 

C
y

cl
o

h
ex

an
e,

 

1,
3-

d
im

et
h

y
l-

 

T
ra

n
s 

C
8H

16
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

96
 

C
y

cl
o

p
en

ta
n

e,
 1

-e
th

y
l-

3-

m
et

h
y

l-
 

C
8H

16
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

97
 

C
y

cl
o

h
ex

an
e,

 

1,
4-

d
im

et
h

y
l-

 
C

8H
16

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 157 



15
8 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

98
 

C
y

cl
o

h
ex

an
e,

 

1,
2-

d
im

et
h

y
l-

 

C
is

 

C
8H

16
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

99
 

C
y

cl
o

p
en

ta
n

e,
 p

ro
p

y
l-

 
C

8H
16

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

10
0 

C
y

cl
o

h
ex

an
e,

 

et
h

y
l-

 
C

8H
16

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

10
1 

C
y

cl
o

h
ex

an
e,

 

1,
1,

3-

tr
im

et
h

y
l-

 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

10
2 

0 
- 

u
n

b
ek

an
n

te
s 

C
y

cl
o

al
k

an
 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

x
 

 
 

 
 

10
3 

C
y

cl
o

h
ex

an
e,

 

1,
2,

3-

tr
im

et
h

y
l 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

10
4 

C
y

cl
o

p
en

ta
n

e,
 1

-m
et

h
y

l-

2-
p

ro
p

y
l-

 

(C
o

n
fi

g
u

ra
ti

o
n

 1
) 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
 

x
 

 
 

158 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

15
9 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

10
5 

C
y

cl
o

h
ex

an
e,

 

1,
2,

3-

tr
im

et
h

y
l-

 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

x
 

x
 

10
6 

C
y

cl
o

h
ex

an
e,

 

1,
2,

4-

tr
im

et
h

y
l-

 

C
9H

19
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

x
 

x
 

10
7 

C
y

cl
o

p
en

ta
n

e,
 1

-m
et

h
y

l-

2-
p

ro
p

y
l-

 

(C
o

n
fi

g
u

ra
ti

o
n

 2
) 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

10
8 

C
y

cl
o

h
ex

an
e,

 

1,
3,

5-

tr
im

et
h

y
l-

 

C
9H

19
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

10
9 

C
y

cl
o

h
ex

an
e,

 

1,
1,

2-

tr
im

et
h

y
l-

 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

11
0 

C
y

cl
o

p
ro

p
an

e,
 1

-m
et

h
y

l-

2-
p

en
ty

l-
 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
x

 
 

 
 

 
 

 
 

8. Appendix 159 



16
0 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

11
1 

C
y

cl
o

h
ex

an
e,

 

1-
et

h
y

l-
3-

m
et

h
y

l-
 

(C
o

n
fi

g
u

ra
ti

o
n

 1
) 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

11
2 

C
y

cl
o

h
ex

an
e,

 

1,
1,

2,
3-

te
tr

am
et

h
y

l-
 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

11
3 

C
y

cl
o

h
ex

an
e,

 

1-
et

h
y

l-
4-

m
et

h
y

l-
 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

11
4 

C
y

cl
o

p
en

ta
n

e,
 2

-e
th

y
l-

1,
1-

d
im

et
h

y
l-

 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

11
5 

C
y

cl
o

h
ex

an
e,

 

1-
et

h
y

l-
3-

m
et

h
y

l-
 

(C
o

n
fi

g
u

ra
ti

o
n

 2
) 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
 

 

 
 

160 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

16
1 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

11
6 

C
y

cl
o

p
en

ta
n

, 

b
u

ty
l-

 
C

9H
18

 
cy

cl
o

-

al
k

an
es

 
 

 
x

 
 

 
 

 
 

 
 

11
7 

C
y

cl
o

o
ct

an
e,

 

m
et

h
y

l-
 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

11
8 

C
y

cl
o

p
en

ta
n

e,
 1

,2
-

d
im

et
h

y
l-

3-

(1
-

m
et

h
y

le
th

y
l)

- 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

11
9 

C
y

cl
o

h
ex

an
e,

 

p
ro

p
y

l-
 

C
9H

18
 

cy
cl

o
-

al
k

an
es

 
 

 
x

 
x

 
 

 
 

 
 

 

12
0 

C
y

cl
o

o
ct

an
e,

 

1,
2-

d
im

et
h

y
l-

 
C

10
H

20
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

12
1 

C
y

cl
o

h
ex

an
e,

 

1,
2,

3,
5-

te
tr

am
et

h
y

l-
 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

x
 

x
 

12
2 

C
y

cl
o

-

d
ec

an
e 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

12
3 

C
y

cl
o

h
ex

an
e,

 

1-
et

h
y

l-
2,

3-

d
im

et
h

y
l-

 

C
10

H
21

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

 
 

8. Appendix 161 



16
2 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

12
4 

C
y

cl
o

h
ex

an

e,
 1

-e
th

y
l-

2,
4-

d
im

et
h

y
l-

 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

12
5 

C
y

cl
o

h
ex

an

e,
 1

-

Is
o

p
ro

p
en

y
l

-2
-m

et
h

y
l-

 

C
10

H
18

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

12
6 

C
y

cl
o

h
ex

an

e,
 1

-m
et

h
y

l-

2-
p

ro
p

y
l-

 

(C
o

n
fi

g
u

ra
ti

o
n

 1
) 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

12
7 

C
y

cl
o

h
ex

an

e,
 1

,2
-

d
ie

th
y

l-
 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

12
8 

C
y

cl
o

h
ex

an

e,
 2

-e
th

y
l-

1,
3-

d
im

et
h

y
l-

 

(C
o

n
fi

g
u

ra
ti

o
n

 1
) 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

 
 

162 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

16
3 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

12
9 

C
y

cl
o

h
ex

an
e,

 

1-
m

et
h

y
l-

4-

(1
-

m
et

h
y

le
th

y
l)

- 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

13
0 

C
y

cl
o

p
en

ta
n

e,
 p

en
ty

l-
 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

13
1 

C
y

cl
o

p
en

ta
n

e,
 (

2-
m

et
h

y
l-

b
u

ty
l)

- 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

13
2 

C
y

cl
o

h
ex

an
e,

 

1-
m

et
h

y
l-

2-

p
ro

p
y

l-
 

(C
o

n
fi

g
u

ra
ti

o
n

 2
) 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

13
3 

C
y

cl
o

h
ex

an
e,

 

1-
is

o
p

ro
p

y
l-

3-
m

et
h

y
l-

 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

13
4 

C
y

cl
o

h
ex

an
e,

 

1-

(e
th

y
lm

et
h

y
l

)-
3-

m
et

h
y

l-
 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 163 



16
4 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

13
5 

C
y

cl
o

h
ex

an
e,

 

2-
et

h
y

l-
1,

3-

d
im

et
h

y
l-

 

(C
o

n
fi

g
u

ra
ti

o
n

 2
) 

C
10

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

13
6 

N
ap

h
th

al
en

e

, d
ec

ah
y

d
ro

- 

T
ra

n
s 

C
10

H
18

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
x

 
 

 
 

 
 

 

13
7 

C
y

cl
o

h
ex

an
e,

 

b
u

ty
l-

 
C

10
H

20
 

cy
cl

o
-

al
k

an
es

 
 

 
 

x
 

 
 

 
 

 
 

13
8 

C
y

cl
o

h
ex

an
e,

 

1-
et

h
y

l-
2,

2,
6-

m
et

h
y

l-
 

C
11

H
22

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

13
9 

N
ap

h
th

al
en

e

, d
ec

ah
y

d
ro

- 

C
is

 

C
10

H
18

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
x

 
 

 
 

 
 

 

14
0 

C
y

cl
o

p
en

ta
n

e,
 h

ex
y

l-
 

C
11

H
22

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

14
1 

C
y

cl
o

h
ex

an
e,

 

1,
2-

d
ie

th
y

l-
3-

m
et

h
y

l-
 

C
11

H
22

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
 

 

 
 

164 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

16
5 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

14
2 

N
ap

h
th

al
en

e

, 2
-m

et
h

y
l-

d
ec

ah
y

d
ro

- 

C
11

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

14
3 

C
y

cl
o

h
ex

an
e,

 

p
en

ty
l-

 
C

11
H

22
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
 

 

14
4 

N
ap

h
th

al
en

e

, 4
-m

et
h

y
l-

d
ec

ah
y

d
ro

- 

C
11

H
20

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

14
5 

C
y

cl
o

d
o

d
ec

a

n
e 

C
12

H
24

 
cy

cl
o

-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

14
6 

C
y

cl
o

h
ex

an
e,

 

h
ex

y
l-

 
C

12
H

24
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

14
7 

C
y

cl
o

h
ex

an
e,

 

h
ep

ty
l-

 
C

13
H

26
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

14
8 

C
y

cl
o

te
tr

ad
e

ca
n

e 
C

14
H

28
 

cy
cl

o
-

al
k

an
es

 
 

 
 

 
 

 
 

 
x

 
x

 

14
9 

C
y

cl
o

h
ex

en
e,

 

4-
m

et
h

y
l-

 
C

7H
12

 
cy

cl
o

-

al
k

an
es

 
x

 
 

 
 

 
 

 
 

 
 

15
0 

C
y

cl
o

h
ex

en
e,

 

3-
m

et
h

y
l-

 
C

7H
12

 
cy

cl
o

-

al
k

an
es

 
x

 
 

 
 

 
 

 
 

 
 

15
1 

C
y

cl
o

h
ex

en
e,

 

1-
m

et
h

y
l-

 
C

7H
12

 
cy

cl
o

-

al
k

an
es

 
x

 
 

 
 

 
 

 
 

 
 

 
 

8. Appendix 165 



16
6 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

15
2 

1,
2,

3,
4,

4a
,5

,6
,

8a
-

O
ct

ah
y

d
ro

-

n
ap

h
th

al
en

e 

C
10

H
16

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
 

 
 

 
 

 
 

15
3 

Is
o

ad
am

an
ta

n
e 

C
10

H
16

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
 

 
 

 
 

 
 

15
4 

2-
m

et
h

y
l-

tr
an

s-

3a
,4

,7
,8

a-

te
tr

ah
y

d
ro

in

d
an

e 

C
10

H
16

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
 

 
 

 
 

 
 

15
5 

B
ic

y
cl

o
p

en
ty

li
d

en
e 

C
10

H
17

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
 

 
 

 
 

 
 

15
6 

n
ap

h
th

al
en

e,
 

1,
4-

d
ih

y
d

ro
 

C
10

H
10

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
 

 
 

 
 

x
 

x
 

15
7 

T
et

ra
li

n
 

C
10

H
12

 
cy

cl
o

-

al
k

an
es

 
 

x
 

 
 

 
 

 
 

 
 

15
8 

B
en

ze
n

e 
C

6H
6 

ar
o

m
at

ic
s 

 
 

 
x

 
 

 
x

 
 

x
 

x
 

15
9 

B
en

ze
n

e,
 

m
et

h
y

l-
 

C
7H

8 
ar

o
m

at
ic

s 
x

 
 

 
x

 
 

 
x

 
x

 
x

 
x

 

16
0 

B
en

ze
n

e,
 

et
h

y
l-

 
C

8H
10

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

x
 

x
 

x
 

x
 

 
 

166 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

16
7 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

16
1 

B
en

ze
n

e,
 1

,4
-

d
im

et
h

y
l-

 
C

8H
10

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

x
 

x
 

x
 

x
 

16
2 

B
en

ze
n

e,
 1

,3
-

d
im

et
h

y
l-

 
C

8H
10

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

x
 

x
 

x
 

x
 

16
3 

B
en

ze
n

e,
 1

,2
-

d
im

et
h

y
l-

 
C

8H
10

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

x
 

x
 

x
 

x
 

16
4 

S
ty

ro
l 

C
8H

8 
ar

o
m

at
ic

s 
 

 
 

 
 

 
x

 
 

x
 

x
 

16
5 

B
en

ze
n

e,
 1

-

m
et

h
y

le
th

y
l-

 
C

9H
12

 
ar

o
m

at
ic

s 
 

x
 

x
 

 
x

 
 

 
x

 
x

 
x

 

16
6 

B
en

ze
n

e,
 

p
ro

p
y

l-
 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

x
 

x
 

 
 

 
 

x
 

x
 

16
7 

B
en

ze
n

e,
 1

-

et
h

y
l-

3-

m
et

h
y

l-
 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

x
 

 
x

 
x

 

16
8 

B
en

ze
n

e,
 1

-

et
h

y
l-

4-

m
et

h
y

l-
 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

 
 

x
 

x
 

16
9 

B
en

ze
n

e,
 1

-

et
h

y
l-

2-

m
et

h
y

l-
 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

x
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 167 



16
8 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

17
0 

B
en

ze
n

e,
 

1,
3,

5-

tr
im

et
h

y
l-

 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

 
 

x
 

x
 

17
1 

B
en

ze
n

e,
 1

-

et
h

y
l-

2-

m
et

h
y

l-
 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

 
 

x
 

x
 

17
2 

B
en

ze
n

e,
 

1,
2,

4-

tr
im

et
h

y
l-

 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

 
x

 
 

 
 

 
 

 

17
3 

B
en

ze
n

e,
 (

1-

m
et

h
y

lp
ro

p
y

l)
- 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

x
 

 
 

 

17
4 

B
en

ze
n

e,
 1

-

m
et

h
y

l-
3-

(1
-

m
et

h
y

le
th

y
l)

- 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

x
 

 
x

 
x

 

17
5 

B
en

ze
n

e,
 1

-

m
et

h
y

l-
4-

(1
-

m
et

h
y

le
th

y
l)

- 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

168 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

16
9 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

17
6 

B
en

ze
n

e,
 1

-

b
u

te
n

y
l-

 
C

10
H

12
 

ar
o

m
at

ic
s 

 
 

 
x

 
 

 
 

 
 

 

17
7 

B
en

ze
n

e,
 

1,
2,

3-

tr
im

et
h

y
l-

 

C
9H

12
 

ar
o

m
at

ic
s 

 
 

 
 

x
 

 
 

 
x

 
x

 

17
8 

B
en

ze
n

e,
 1

-

m
et

h
y

l-
3-

p
ro

p
y

l-
 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

x
 

 
x

 
x

 

17
9 

n
-

B
u

ty
lb

en
ze

n

e 

C
10

H
14

 
ar

o
m

at
ic

s 
 

x
 

 
x

 
x

 
 

x
 

 
 

 

18
0 

B
en

ze
n

e,
 1

-

m
et

h
y

l-
4-

p
ro

p
y

l-
 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
x

 
 

x
 

x
 

18
1 

B
en

ze
n

e,
 1

,3
-

d
ie

th
y

l-
 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

18
2 

B
en

ze
n

e,
 (

2-

m
et

h
y

l-
1-

p
ro

p
en

y
l)

- 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

18
3 

B
en

ze
n

e,
 4

-

et
h

y
l-

1,
2-

d
im

et
h

y
l-

 

C
10

H
13

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

 
 

8. Appendix 169 



17
0 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

18
4 

1-
m

et
h

y
l-

4-

(1
-

m
et

h
y

le
th

en

y
l)

 b
en

ze
n

e 

C
10

H
12

 
ar

o
m

at
ic

s 
 

x
 

 
 

 
 

 
 

 
 

18
5 

B
en

ze
n

e,
 

1,
2,

3,
4-

te
tr

am
et

h
y

l-
 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

18
6 

B
en

ze
n

e1
-

et
h

en
y

l-
3-

et
h

y
l-

 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
x

 
 

 
 

18
7 

B
en

ze
n

e,
 1

,2
-

d
ie

th
y

l-
 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

18
8 

B
en

ze
n

e,
 2

-

b
u

te
n

y
l-

 
C

10
H

12
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

x
 

 
 

 

18
9 

B
en

ze
n

e,
 (

 2
-

m
et

h
y

l-
2-

p
ro

p
en

y
l)

- 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
x

 
 

 
 

19
0 

B
en

ze
n

e,
 1

-

et
h

y
l-

2,
4-

d
im

et
h

y
l-

 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
x

 
 

 
 

 
 

170 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

17
1 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

19
1 

B
en

ze
n

e,
 2

-

et
h

y
l-

2,
4-

d
im

et
h

y
l-

 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

19
2 

B
en

ze
n

e,
 1

-

et
h

en
y

l-
4-

et
h

y
l-

 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
x

 
 

 
 

19
3 

B
en

ze
n

e,
 1

-

et
h

en
y

l-
3-

et
h

y
l-

 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

19
4 

1H
-I

n
d

en
e,

 

2,
3-

d
ih

y
d

ro
-

4-
m

et
h

y
l-

 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

19
5 

B
en

ze
n

e,
 2

-

et
h

y
l-

1,
4-

d
im

et
h

y
l-

 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

19
6 

B
en

ze
n

e,
 1

-

b
u

te
n

y
l-

 
C

10
H

12
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

x
 

 
 

 

19
7 

B
en

ze
n

e,
 2

-

et
h

y
l-

1,
3-

d
im

et
h

y
l-

 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

 
 

8. Appendix 171 



17
2 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

19
8 

B
en

ze
n

e,
 1

-

et
h

en
y

l-
2,

4-

d
im

et
h

y
l-

 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

19
9 

B
en

ze
n

e,
 1

-

et
h

en
y

l-
2,

4-

d
im

et
h

y
l-

 

C
10

H
14

 
ar

o
m

at
ic

s 
 

 
 

x
 

 
 

 
 

 
 

20
0 

B
en

ze
n

e,
 1

-

m
et

h
y

l-
4-

(1
-

m
et

h
y

lp
ro

p
y

l)
- 

C
11

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

20
1 

B
en

ze
n

e,
 

(1
,1

-

d
im

et
h

y
lp

ro

p
y

l)
- 

C
11

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

20
2 

B
en

ze
n

e,
 

(1
,2

-

d
im

et
h

y
lp

ro

p
y

l)
- 

C
11

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

20
3 

N
ap

h
th

al
en

e 
C

10
H

8 
ar

o
m

at
ic

s 
 

x
 

 
x

 
 

 
 

 
 

 

20
4 

B
en

ze
n

e,
 2

,4
-

d
ie

th
y

l-
1-

m
et

h
y

l-
 

C
11

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
 

 

 
 

172 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

17
3 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

20
5 

B
en

ze
n

e,
 (

1-

m
et

h
y

lb
u

ty
l)

- 

C
11

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
 

 

20
6 

N
ap

h
th

al
en

e

, t
et

ra
h

y
d

ro
- 

C
10

H
12

 
ar

o
m

at
ic

s 
 

 
x

 
 

 
 

 
 

x
 

x
 

20
7 

B
en

ze
n

e,
 (

3-

m
et

h
y

l-
2-

b
u

te
n

y
l)

- 

C
11

H
14

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

20
8 

B
en

ze
n

e,
 

(2
,2

-

d
im

et
h

y
l-

1-

m
et

h
y

le
n

ep
r

o
p

y
l)

- 

C
12

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

20
9 

B
en

ze
n

e,
 1

-

m
et

h
y

l-
2-

(1
-

et
h

y
lp

ro
p

y
l)

 

C
12

H
18

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

21
0 

B
en

ze
n

e,
 

1,
3,

5-
tr

ie
th

y
l-

 
C

12
H

18
 

ar
o

m
at

ic
s 

 
 

 
 

x
 

 
 

 
 

 

21
1 

B
en

ze
n

e,
 

h
ex

y
l 

C
12

H
18

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

 
 

8. Appendix 173 



17
4 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

21
2 

B
en

ze
n

e,
 1

,4
-

d
im

et
h

y
l-

2-

(2
-

m
et

h
y

lp
ro

p
y

l)
 

C
12

H
18

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

21
3 

B
en

ze
n

e,
 (

1-

m
et

h
y

lp
en

ty
l

)-
 

C
12

H
18

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

21
4 

N
ap

h
th

al
en

e

, 2
-m

et
h

y
l-

te
tr

ah
y

d
ro

- 

C
11

H
14

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

21
5 

B
en

ze
n

e,
 (

1-

m
et

h
y

lp
en

ty
l

)-
 

C
12

H
18

 
ar

o
m

at
ic

s 
 

 
 

x
 

x
 

 
 

 
 

 

21
6 

B
en

ze
n

e,
 

(1
,3

-

d
im

et
h

y
lb

u
t

y
l)

 

C
12

H
18

 
ar

o
m

at
ic

s 
 

 
 

 
x

 
 

 
 

 
 

21
7 

B
en

ze
n

e,
 

h
ex

y
l-

 
C

12
H

18
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

 
 

x
 

x
 

 
 

174 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

17
5 

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

21
8 

B
en

ze
n

e,
 

(1
,3

-

d
im

et
h

y
lb

u
t

y
l)

- 

C
12

H
18

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

21
9 

N
ap

h
th

al
en

e

, 5
-m

et
h

y
l-

te
tr

ah
y

d
ro

- 

C
11

H
14

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

22
0 

N
ap

h
th

al
en

e

, 1
-m

et
h

y
l-

 
C

11
H

10
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

 
 

x
 

x
 

22
1 

N
ap

h
th

al
en

e

, 2
,6

-

d
im

et
h

y
l-

te
tr

ah
y

d
ro

- 

C
12

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

22
2 

N
ap

h
th

al
en

e

, 2
-m

et
h

y
l-

 
C

11
H

10
 

ar
o

m
at

ic
s 

 
 

 
 

 
 

 
 

x
 

x
 

22
3 

N
ap

h
th

al
en

e

, 1
,1

,6
-

tr
im

et
h

y
l-

te
tr

ah
y

d
ro

- 

C
13

H
18

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

22
4 

N
ap

h
th

al
en

e

, 5
,7

-

d
im

et
h

y
l-

te
tr

ah
y

d
ro

- 

C
12

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

8. Appendix 175 



17
6 

8.
 A

p
p

en
d

ix
  

N
o

. 
n

am
e 

fo
rm

u
la

 
h

y
d

ro
ca

rb
o

n
 

g
ro

u
p

 

d
et

ec
te

d
 p

ro
d

u
ct

 c
o

m
p

o
n

en
ts

 
co

m
p

o
n

en
ts

 

M
C

H
 

d
ec

al
in

 
n

o
n

an
e 

d
ec

an
e 

d
o

d
ec

an
e 

is
o

-

o
ct

an
e 

n
-b

u
ty

l-

b
en

ze
n

e 

p
-

xy
le

n
e 

U
L

S
K

 
Je

t 
A

-1
 

22
5 

B
en

ze
n

e,
 1

-

(2
-b

u
te

n
y

l)
-

2,
3-

d
im

et
h

y
l-

 

C
12

H
16

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

22
6 

N
ap

h
th

al
en

e

, 2
-e

th
y

l-
 

C
12

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

23
7 

N
ap

h
th

al
en

e

, 1
-e

th
y

l-
 

C
12

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

23
8 

N
ap

h
th

al
en

e

, 1
,6

-

d
im

et
h

y
l-

 

C
12

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

23
9 

N
ap

h
th

al
en

e

, 1
,5

-

d
im

et
h

y
l-

 

C
12

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

24
0 

N
ap

h
th

al
en

e

, 1
,4

-

d
im

et
h

y
l-

 

C
12

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

24
1 

N
ap

h
th

al
en

e

, 1
,3

-

d
im

et
h

y
l-

 

C
12

H
12

 
ar

o
m

at
ic

s 
 

 
 

 
 

 
 

 
x

 
x

 

 
 

176 8.3 Identified Component Composition 



8.
 A

p
p

en
d

ix
 

17
7 

   
 



17
8 

8.
 A

p
p

en
d

ix
  

   



8. Appendix 179 

8.5 Additional Data to Process Simulation 

In the following additional information to the process simulation presented in 

chapter 6 are provide. Table 8.5 presents the physical properties of the pseudo 

components of ULSK used for the feed conditions before the dehydrogenation 

reactor of reference concept.  

Table 8.5 - physical properties pseudo components for ULSK 

pseudo 

components 

boiling 

point 

specific 

gravity 

molecular 

weight 

mass 

content 

 [°C] [kg/l] [g/mol] [wt-%] 

PC162C 161.59 0.77 126.20 6.55 

PC170C 170.255 0.77 131.17 50.76 

PC183C 182.66 0.78 138.57 14.29 

PC197C 196.90 0.79 147.45 9.55 

PC211C 210.83 0.79 156.545 6.55 

PC226C 225.64 0.80 166.67 5.36 

PC237C 237.31 0.81 174.99 4.98 

PC253C 252.58 0.82 186.32 1.02 

PC267C 266.69 0.82 197.274 0.77 

PC276C 275.62 0.83 204.42 0.17 

Table 8.6 presents the detailed conversion rates and conversion factors integrated in 

the model of the dehydrogenation reactor of the process concept with rectification and 

the reference concept.  

Table 8.6 -: conversion rate and conversion factors of reactions integrated in Aspen plus 

process simulation 

Model 

Component 
Conversion rate 

React. 

No. 
Conversion factor 

 
Reference 

process 

10 wt.-% 

Model 

20 wt.-% 

Model 
 

Reference 

process 

10 wt.-% 

Model 

20 wt.-% 

Model 

Nonane 3.39 3.59 0.91 

1 0.038 0.068 0.068 

2 0.078 0.077 0.077 

3 0.08 0.054 0.054 

4 0.309 0.292 0.292 

5 0.485 0.475 0.475 

6 0.010 0.034 0.034 
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Model 

Component 
Conversion rate 

React. 

No. 
Conversion factor 

 
Reference 

process 

10 wt.-% 

Model 

20 wt.-% 

Model 
 

Reference 

process 

10 wt.-% 

Model 

20 wt.-% 

Model 

Decane 5.96 5.62 1.91 

7 0.625 0.625 0.625 

8 0.256 0.165 0.165 

9 0.028 0.083 0.083 

10 0.054 0.094 0.094 

11 0.032 0.032 0.032 

12 0.005 0.001 0.001 

Dodecan 15.69  7.98 

13 0.026  0.026 

14 0.046  0.046 

15 0.010  0.024 

16 0.643  0.619 

17 0.276  0.276 

18 0.009  0.009 

Issoctane 3.02 1.81 0.2 
19 0.992 0.992 0.992 

20 0.008 0.008 0.008 

n-Butylben-

zene 
0.0 1.818 0.0 

21 0.86 0.95 0.98 

22 0.14 0.05 0.02 

p-Xylene 0.71 0.0 0.74 

23 0.00 0.00 0.003 

24 0.58 0.42 0.418 

25 0.42 0.58 0.578 

trans -Decalin 36.28 77.992 39.28 

t-26 0.848 0.667 0.80 

t- 27 0.152 0.333 0.20 

t- 28 0.002 0.000 0.00 

cis - Decalin 54,119  52.78 

c- 26 0.848 0.667 0.80 

c- 27 0.152 0.333 0.20 

c- 28 0.002 0.000 0.00 

Methylcyclo- 

hexane 
17.2 51.86 15.45 

29 0.999 0.999 0.999 

30 0.000 0.001 0.001 

31 0.001 0.000 0.000 
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8.5.1 Process Concept with Rectification and 20 wt-% Jet A1- fraction 

The efficiency process concept with rectification is also calculated for a 20 wt.-% 

Jet A-1 fraction. The stream data of the process and the heat exchanger grit table are 

presented in table 8.7 and Fig .8.1.  

Table 8.7 hot and cold stream data for heat integration of process concept with rectification 

and 20 wt.-% Jet A-1 fraction 

Stream 
Total flow rate 

[kg/h] 

Temperature 

range [°C] 

specific Cp 

[kJ/kg K] 

Enthalpy 

[kW] 

Stream 

type 

flue gas 2447 
650. – 384.7 

384.7 -75.55 

1.0930 

1.0571 

207.1 

218 
hot 

product 948 425 – 367.15 2.9169 44.43 hot 

kerosene 4741 
20 – 100.9 

100.9 – 196.6 

2.2 

2.54 
554.7 cold 

fraction 984.2 

177.3 – 235.8 

235.8 – 293.1 

293.1 – 321.2 

321.2 – 373.1 

373.1 – 425 

2.7869 

3.0402 

10.578 

2.8638 

2.9750 

245,8 cold 

still 3793 
204 – 119 

119 - 30 

2.6354 

2.1818 

236.2 

204.5 
hot 

air 2420 20 – 182.1 1.0190 111 cold 

Qrectfi. cooler 3508 
180.3 – 179.4 

179.4 – 177.3 

98.225 

108.57 

84.48 

224.1 
hot 

Qreboiler 7305 
198.9 - 201.5 

201.5 – 198.9 

32.789 

28.477 

170.7 

145.1 
cold 

Qreactor  -  425 – 425.5  -  68.3 cold 

Qcondesation  367.1-30  -  291.1 hot 
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Fig. 8.1 - grid table of heat exchanger network designed for process concept with rectification 

and 20 wt.-% Jet A-1 fraction 
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8.5.2 Alternative Process Concept with Rectification 

The heat exchanger system for process concept with rectification and 20 wt.-% is also 

designed for an alternative process concept which allows better exploitation of heat 

streams and therefore higher efficiency. But this heat exchanger system is limited to a 

hydrogen yield of up to 120 NlH2/kgfraction. Table 8.8 presents the enthalpy streams of 

the system while Fig. 8.2 shows the alternative grid table and Fig. alternative flow sheet 

for this variation of the process. 

Table 8.8 - hot and cold stream data for heat integration of alternative process concept with 

rectification and 20 wt.-% Jet A-1 fraction 

Stream 
Total flow rate 

[kg/h] 

Temperature 

range [°C] 

specific Cp 

[kJ/kg K] 

Enthalpy 

[kW] 

Stream 

type 

flue gas 2208 
650 – 428.5 

428.5 - 180.3 

1.126 

1.069 

152.5 

162.7 
hot 

product 947.9 

425 – 342.1 

342.1 – 266.9 

266.9 – 180.5 

2.8841 

2.6679 

5.0452 

62.96 

52.80 

114.8 

hot 

kerosene 4741 
20 – 100.9 

100.9 – 196.6 

2.1992 

25432 

234.2 

320.5 
cold 

fraction 948.2 

177.3 – 235.8 

235.8 – 293.1 

293.1 – 321.2 

321.2 – 373.1 

373.1 – 423.8 

2.7869 

3.0402 

10.578 

2.8638 

2.975 

42.96 

45.9 

78.04 

39.17 

39.72 

cold 

still 3793 
204 – 119 

119 - 30 

2.6354 

2.1818 

236.2 

204.5 
hot 

air 2191 20 – 317.1 1,0293 186.1 cold 

Qrectfi. cooler 3508 
180.3 – 179.4 

179.4 – 177.3 

98.225 

108.57 

84.48 

224.1 
hot 

Qreboiler 7305 
198.9 – 201.5 

201.5 – 204 

32.789 

28.477 

170.1 

145.1 
cold 

Qreactor  -  425 – 425.5  -  68.33 cold 

Qcondesation  180.5 - 30  -  104.9 hot 

hydrogen 5.402 30 - 80 14.373 1.078 cold 
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Fig. 8.2 - alternative flow sheet with heat exchanger network of process concept with 

rectification and 20 wt.-% Jet A-1 fraction 
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Fig. 8.2 - alternative flow sheet with heat exchanger network of process concept with 

rectification and 20 wt.-% Jet A-1 fraction 
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