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A B S T R A C T

In this work, the integration of Calcium looping (CaL) process into a cement plant for post-combustion CO2

capture is assessed via process simulations. In the proposed scheme, the carbonator of the CaL process is used as
an end-of-pipe unit to capture the CO2 from the cement kiln gas.

From the results obtained, it is demonstrated that CO2 capture efficiencies of the order of 90% are achievable,
with CaL reactors operating in conditions not far from those demonstrated for application in power plants. The
integration of the tail-end CaL process results in a significant increase of the total fuel consumption (about two to
three times higher) compared to the benchmark cement plant without CO2 capture. On the other hand, the heat
from the CaL process can be recovered by a steam cycle producing decarbonized electric power that may exceed
the needs of the plant auxiliaries (including the ASU and the CO2 compression and purification unit), exporting
in this way electricity to the grid and so resulting in CO2 emission credits from a life cycle perspective. The
resulting specific primary energy consumption for CO2 avoided (SPECCA) highly depends on the reference power
generation technology considered, and it ranges between 2.7 and 3.7 MJLHV/kgCO2 in a coal-fired power gen-
eration scenario.

As for the retrofittability of existing cement plants, the operation of the suspension preheating tower after the
implementation of the CaL unit, as well as the position of the CaL carbonator with respect to the raw mill, have
been assessed. Based on the results obtained, no critical issues have been found from a technical point of view in
the adoption of the tail-end CaL process in existing cement kilns.

1. Introduction

Cement production is an energy and carbon-intensive industry and
one of the major industrial contributors to anthropogenic CO2 emis-
sions. World cement production has increased steadily over the years,
amounting to around 4.1 Gt in 2015 (Olivier et al., 2016). CO2 emis-
sions from cement production come from fossil fuel combustion and
limestone calcination. About 60% of the CO2 emissions in a cement
plant comes from the calcination of the limestone that is used as raw
material, whereas the remaining 40% comes from the combustion of
fossil fuels that supply the heat needed for clinker production and for
limestone calcination. In 2015, CO2 emissions from cement production
accounted for about 8% of the global anthropogenic CO2 emissions
(Olivier et al., 2016). Among the different methods proposed for re-
ducing CO2 emissions in the cement industry there are the use of fossil

fuels with low carbon content (e.g. natural gas), the use of carbon
neutral fuels (e.g. biomass), the thermal efficiency improvement, the
reduction of the clinker/cement ratio by using a larger fraction of ad-
ditives in the final cement (IEA, 2009). However, the CO2 emission
reduction potential of these measures is limited because they do not
tackle the emissions derived from limestone calcination. Therefore, to
achieve significant cuts in CO2 emissions in a cement production pro-
cess, it is necessary to implement Carbon Capture and Storage (CCS)
techniques (IEAGHG, 2013).

Different CO2 capture technologies have been investigated to be
integrated in a cement production process, including oxy-combustion,
post-combustion absorption, membranes and Ca-Looping (Hills et al.,
2016; IEAGHG, 2013, 2008; Scholes et al., 2014; Vatopoulos and
Tzimas, 2012). This work focuses on the process integration of the Ca-
Looping (CaL) process into a cement plant. This capture technology is
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one of the most promising ones for CO2 capture in cement plants
(Abanades et al., 2015; Bosoaga et al., 2009; Dean et al., 2011a; Spinelli
et al., 2017). It was orginally proposed by Shimizu et al. (1999) and it is
based on the reversible reaction between CaO and CO2 at high tem-
perature. Flue gas containing CO2 is put into contact with a solid stream
containing CaO in a carbonator reactor operating at about 650 °C,
where the exothermic carbonation reaction occurs (1). Solids con-
taining the CaCO3 formed by the carbonation reaction are sent to a
separate reactor or calciner for regeneration at a temperature of
900–950 °C. The high temperature needed in this reactor for the en-
dothermic calcination of CaCO3 under high CO2 partial pressures is
achieved by burning additional fuel in the reactor with oxygen. This
CaL process has been successfully demonstrated up to 1–2 MWth scale
(Arias et al., 2013; Ströhle et al., 2014) in operating conditions re-
presentative of the integration in coal-fired power plants, where flue
gas has lower CO2 concentration compared to cement kilns.

+ ⇋ = −O O HCaO C CaC Δ 178.8kJ/molK2 3 298 (1)

One of the inherent advantages of this technology is that most of the
fuel chemical energy introduced into the calciner can be recovered as
high temperature heat in the process and potentially converted into
electricity with high efficiency. Moreover, the CaO-based sorbent de-
rives from natural sources (i.e. limestone), which is characterised by
low cost and wide availability. One drawback of the process is the need
of a continuous make-up of fresh limestone to compensate the purge of
solids from the CaL loop, which is needed to: (i) avoid build-up of coal
ash and CaSO4 originating from coal combustion in the calciner and (ii)
keep a proper activity of the sorbent, which reduces with the number of
carbonation-calcination cycles. On this regard, the integration of the
CaL process in a cement plant provides synergies because the amount of
limestone needed for clinker production largely exceeds the make-up

need of the CaL process and the CaO-rich purge can be conveniently
used in the cement kiln for clinker production. In this way, the draw-
backs of needing a relatively large limestone make-up and of managing
the solid purge disappear. For the same reason, cement plants are often
proposed as sinks for the spent CaO from CaL units integrated in power
plants, where the CaL purge can be valorized by producing clinker with
lower CO2 emissions and lower fuel consumption with no changes in
the cement kiln equipment (Martínez et al., 2016). Some recent works
have confirmed that cement clinker can be produced using the CaL
system purge (Dean et al., 2011b; Telesca et al., 2015), which is mainly
composed of CaO and minor fraction of CaSO4 and ash, improving the
burnability index of the raw material with respect to a conventional raw
meal (Telesca et al., 2014).

Different possibilities for integrating a CaL system into a cement
plant have been proposed in the literature, which differ in the level of
integration between the CaL process and the clinker production process.
The most straightforward process integration option is the tail-end
configuration (Fig. 1(a)), where the CaL process is integrated as an end-
of-pipe process, treating the cement kiln exhaust gas in the carbonator
(Atsonios et al., 2015; Martínez Vera, 2009; Ozcan et al., 2013; Spinelli
et al., 2017; Trevino and Martínez, 2009; Vatopoulos and Tzimas,
2012). In this case, a fraction of the limestone fed to the cement kiln is
introduced in the calciner of the CaL process to be used as a CO2 sor-
bent. The CaO-rich solid purge from the CaL process is then introduced
into the clinker burning line for replacing part of the limestone in the
raw meal. In this configuration, the cement kiln is assumed to be a
conventional one, hence including the rotary kiln, pre-calciner, sus-
pension preheater and clinker cooler. The operation of the CaL process
in conditions representative for this process integration option has been
recently demonstrated in two different facilities, at 30 kWth and
200 kWth scale (Arias et al., 2017; Hornberger et al., 2017).

Nomenclature

Ecarb Carbonator efficiency [%]
eCO2 Specific CO2 emissions [kgCO2/tclk]
Eeq Carbonator efficiency at equilibrium conditions [%]
F0 Limestone make-up flow rate [kmol/s]
FCa Calcium flow rate circulating between reactors in the Ca-

Looping system [kmol/s]
FCO2 CO2 flow rate fed to the carbonator of the Ca-Looping

system [kmol/s]
k Deactivation constant for the CaO decay activity law in Eq.

(2) [-]
N Number of calcination-carbonation cycles undergone by a

CaO particle
Pe Net plant absorbed power [MWe]
q Specific fuel consumption [MJLHV/tclk]
rN Fraction of CaO particles having circulated N times

through the calcination-carbonation loop [-]
Xave Average maximum conversion of CaO in the Ca-Looping

system [%]
Xr Residual activity of CaO particles having undergone a high

number of calcination-carbonation cycles [%]
Ws Solid inventory in the carbonator [kg/m2]

Subscripts

carb Carbonator

cem Cement
clk Clinker
e Electric
eq Equivalent
ref Reference plant (without CO2 capture)

Greek letters

η Efficiency

Acronyms

ASU Air separation unit
CaL Calcium-looping
CCS Carbon capture and storage
CFB Circulating fluidized bed
CPU CO2 purification unit
FWH Feed water heater
HRSC Heat recovery steam cycle
IL Integration level
LCA Life cycle assessment
LHV Lower heating value
ORC Organic Rankine cycle
PC Pulverized coal
SPECCA Specific primary energy for CO2 avoided [MJLHV/kgCO2]
TSA Temperature swing adsorption
USC Ultra-supercritical
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Alternatively, a highly integrated configuration between the CaL
process and the clinker burning line is also possible, as depicted in
Fig. 1(b). In this case, the carbonator is integrated into the pre-heating
tower and only one oxyfuel calciner is used, operating as both raw meal
pre-calciner and as CaL process calciner (Marchi et al., 2012a,b;
Rodríguez et al., 2012; Romano et al., 2014; Spinelli et al., 2017). Raw
meal is preferably used as sorbent in this case, so that separate pre-
heating and calcination lines for high purity limestone and other raw
meal correctives (which may contain limestone as well, depending on
the properties of the raw material from the quarry) are avoided. The
intrinsic advantage of the integrated CaL configuration is that a single
oxyfuel calcination is performed, which implies a noticeable saving in
the fuel consumption of the plant (Spinelli et al., 2017). On the con-
trary, in the tail-end configuration, a double calcination reaction is
needed to capture the CO2 originated from the limestone fed to the
plant. A first calcination occurs in the air-blown pre-calciner, where the
CO2 contained in the raw meal is released. Afterwards, this CO2 is se-
parated from flue gases in the carbonator of the CaL process by forming
CaCO3, which is calcined again in the oxyfired calciner of the CaL unit.

An important issue to be considered when defining the process in-
tegration in the cement plant is the particle size. Cement kiln must be
fed with sufficiently fine material to ensure proper formation of the
clinker phases along the rotary kiln. Average size of raw meal particles
(d50) is 10–20 μm, which corresponds to Geldart particle group C (co-
hesive particles). Due to the difficulty in fluidizing this kind of material,

entrained flow reactors should be preferred over fluidized bed when the
CaL system uses the same material as in the rotary kiln, such as in the
integrated configuration shown in Fig. 1(b). When using the purge from
a fluidized bed CaL system for clinker production, it should be taken
into account that this kind of reactor typically operates with larger
particle sizes of 100–300 μm from Geldart’s particle group B. Therefore,
in this case, the solid purge needs to pass through the raw mill with the
other raw material constituents to be properly mixed and ground to a
suitable particle size for clinker production.

In this paper, a process integration study and simulation of a tail-
end CaL configuration into a cement kiln is presented. This work pre-
sents the most comprehensive study today available in the literature on
this topic. Compared to previous studies on this CaL process integration
concept, the paper collects the following novelties: (i) it presents a
wider sensitivity analysis on CaL process parameters; (ii) it discusses in
detail the configuration of the heat recovery steam cycle, which is based
on a cycle configuration and steam parameters suitable for its power
output; (iii) it considers the constrain set by the clinker production
process on the size of the raw meal particles to be fed to the rotary kiln;
(iv) it compares novel configurations, assessing the effect of using the
CaL unit for recovering the CO2 in the vent gas of the CO2 purification
unit and the position of the carbonator (before or after the raw mill); (v)
it discusses a retrofittability study for the application of this process in
an existing cement kiln; (vi) it includes the effect of indirect fuel con-
sumptions and indirect CO2 emissions associated to the electric balance
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Fig. 1. Conceptual scheme for the integration of a CaL process into a cement plant: (a) tail-end configuration; (b) highly integrated configuration using raw meal as CO2 sorbent precursor.
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of the cement plant, comparing several power generation technology
scenarios. Process simulations are based on a carbonator reactor model,
a full cement kiln process model and a heat recovery steam cycle model,
as discussed in Section 2. After presenting the key performance in-
dicators (Section 3), a wide sensitivity analysis is performed on the
main CaL process parameters (Section 4) and the retrofittability of the
process in existing cement kilns is discussed (Section 4.1). The effects of
the efficiency of the heat recovery steam cycle (Section 4.2) and of
different heat integration options (Section 4.3) on the key performance
parameters are finally described.

2. Process description and assumptions

2.1. Clinker burning process

The clinker production process is designed on the Best Available
Technique (BAT) standard as defined in the European BREF document
for the manufacture of cement (Schorcht et al., 2013). This process
constitutes the core of the reference cement plant without CO2 capture,
and it remains practically unchanged when integrated with the CaL
process. In Fig. 2, the cement kiln with CaL process for CO2 capture is
shown, indicating the components of the conventional kiln and the
components of the CaL CO2 capture island. The clinker burning process,
which is based on a dry kiln process, consists of a five-stage cyclone
preheater, a pre-calciner with a tertiary air duct, a rotary kiln and a
grate clinker cooler. The cement kiln considered in this work has a
clinker capacity of around 3000 t/d (raw meal/clinker factor of 1.6),
which is a representative size for a European cement plant. This size
corresponds to a yearly clinker production of 1 Mt (accounting for a run

time of more than 330 d/yr) and a cement production of 1.36 Mt/yr.
Main process assumptions used for carrying out the simulation of the
cement burning line are summarized in Table 1. Assumptions related to
the clinker burning line (e.g. fuel consumptions, calcination degree,
cyclones efficiency, false air in-leakages) have been defined according
to the model developed by the German Cement Works Association VDZ
for the European Cement Research Academy (ECRA) (Hoenig et al.,
2012) and the IEA Greenhouse Gas R &D Programme (IEAGHG, 2013).
The model developed for the reference cement kiln has been success-
fully validated against the original VDZ model. More details on the
process model and the validation process are available in public
CEMCAP deliverable (CEMCAP, 2016).

Raw meal used for clinker production consists mainly of CaCO3,
coming from limestone or marl, and oxides of Si, Fe and Al, which are
typically introduced through additional raw materials in order to
achieve the targeted composition. The raw meal is ground in the raw
mill, where it is also dried via direct contact with hot gas coming from
the preheating tower. The dried raw meal from the raw mill, whose
composition is given in Table 2, is heated up in a five-stage suspension
(or cyclone) preheater. The raw material is fed to the top of the pre-
heating tower and it is preheated sequentially from the first to the fifth
stage (counted starting from the top of the tower) against the hot ex-
haust gas flowing from the bottom to the top (i.e. from the fifth to the
first cyclone). Each suspension preheater stage is composed of a duct,
where solid particles are entrained upwards and heated up by the gas,
and a cyclone which separates the solids and distributes them to the
following stage towards the bottom of the tower. As indicated in
Table 1, solid separation efficiency, heat losses and air in-leakages in
each suspension preheater stage are considered in the simulation. As

Fig. 2. Process configuration of the cement kiln with CO2 capture by tail-end CaL process. Properties of the streams of the base case CaL cement kiln with Integration level (IL) = 20%,
carbonator solid inventory (Ws) = 1000 kg/m2 and carbonator efficiency (Ecarb) = 90% are reported in Table A1 in the Appendix A.
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depicted in Fig. 2, additional cyclones and dust filters are needed
downstream of the raw mill to separate the entrained solids before
sending the exhaust gas to the stack. Electric consumptions of the fans
included in the exhaust gas line (‘Raw meal fan’ and ‘Filter fan’ shown
in Fig. 2) are included in the overall specific electric consumption of the
clinker production process given in Table 1.

As highlighted in Fig. 2, the preheated solids at the exit of the fourth
suspension preheater stage (stream #33) are fed to the pre-calciner,
where most of the CaCO3 contained in the raw meal is calcined into
CaO and CO2. Energy needed for this endothermic reaction is provided
by the combustion of coal (Table 3), using low temperature primary
transport air (#35) and high temperature tertiary air from the clinker
cooler at 1050 °C (#39). Flue gas leaving the rotary kiln at 1078 °C also
flows through the pre-calciner. Calcination degree (defined as the ratio
between the moles of CaO and the total moles of Ca at calciner exit) of
around 94% is reached in the pre-calciner, which operates with an
outlet temperature of 862 °C. Pre-calcined raw meal and calciner off-gas
enter the last cyclone of the preheating tower where solids are sepa-
rated and fed to the rotary kiln (#34), whereas flue gas (#32) flows
upwards and enters the duct of the fourth cyclone, located above.

The rotary kiln represents the core of the clinker production process.
In this reactor, the completion of the CaCO3 calcination and the for-
mation of the main clinker constituents occur. The kiln is a long re-
fractory lined tube, slightly inclined towards the clinker discharge end,
that rotates at 1.3–3.5 revolutions per minute. As a result of the com-
bination of kiln rotation and inclination, the solid-liquid material moves
towards the hot end of the reactor, where coal combustion occurs. The
combustion air in the rotary kiln comes from the clinker cooler (‘sec-
ondary air’, #42, about 90%), from the primary air and from the
transport air (#36) that is directly fed to the kiln burner with the coal
(#38). After the combustion zone, the flue gas moves towards the pre-
calciner, in counter-current with the solids. As the solid phase moves
towards the rotary kiln burner, the different clinker phases are formed
thanks to the high temperature. Temperature of about 1450 °C is
reached by the hot clinker at the end of the kiln, before being dis-
charged to a grate cooler.

In the clinker cooler, clinker is rapidly cooled down to minimize the
formation of undesired coarse crystals that would lead to erratic cement
setting, at the same time preventing the dissociation of alite
(3CaO·SiO2), the most important clinker constituents which provides
the required properties to clinker, in belite (2CaO·SiO2) and free lime
(CaO). Clinker is transported over a reciprocating grate, through which
the cooling air flows in cross flow arrangement. Ambient air (#40) is
used as cooling medium in the clinker cooler. Most of this air is heated
up to a very high temperature and then used as secondary and tertiary
combustion air in the rotary kiln and the pre-calciner, respectively. An
almost equivalent stream of air at lower temperature (∼300 °C) is
generated in the final part of the clinker cooler (#41), which is ulti-
mately emitted to the atmosphere after filtration.

The main constituents of clinker are Alite (3CaO·SiO2 or C3S), Belite
(2CaO·SiO2 or C2S), Calcium Aluminate (3CaO·Al2O3 or C3A) and
Ferrite (4CaO·Fe2O3·Al2O3 or C4AF), with a typical final composition of

Table 1
Main assumptions used for the simulations.

Clinker burning line
Clinker production [tpd] 2825
Clinker/cement factor 0.737
Electric consumption of auxiliaries [kWhe/tcem] 97
Cyclones efficiency (1st / 2nd / 3rd / 4th stage) [%] 96 / 86 / 86 / 86
Pre-calciner cyclone efficiency [%] 75.6
Primary and transport air to pre-calciner [Nm3/kgcoal to pre-

calciner]
0.24

Primary and transport air to rotary kiln [Nm3/ kgcoal to
rotary kiln]

1.74

Secondary air to rotary kiln [Nm3/tclk] 259.7
Tertiary air to pre-calciner [Nm3/tclk] 622.4
Coal input to rotary kiln [kJLHV/kgclk] 1210
Pre-calciner outlet temperature [°C] 861.8
Rotary kiln gas outlet temperature [°C] 1078.5
Secondary air temperature [°C] 1137.0
Tertiary air temperature [°C] 1049.8
Clinker temperature at cooler outlet [°C] 114.9
Temperature of solids after milling and crushing [°C] 60.0
Ambient temperature [°C] 15.0
Calcination degree at pre-calciner outlet[%] 94.2
Heat losses from rotary kiln [kJth/kgclk] 180.2
Heat losses from pre-calciner [kJth/kgclk] 95.64
Heat losses from clinker cooler [kJth/kgclk] 11.13
Heat losses from preheating tower [kJth/kgclk] 19.02
Air in-leakages into rotary kiln [Nm3/tclk] 11.98
Air in-leakages into pre-calciner [Nm3/tclk] 6.4
Air in-leakages into pre-calciner cyclone [Nm3/tclk] 6.4
Air in-leakages into preheating tower (1st / 2nd / 3rd / 4th

stage) [Nm3/tclk]
18.8 / 9.4 / 9.4 /
9.4

Ca-Looping process
Fans isentropic efficiency [%] 82
Fans electric-mechanical efficiency [%] 94
Carbonator outlet temperature [°C] 650
Carbonator solid inventory [kg/m2] 1000
Pressure losses in carbonator, cyclones, back pass and

filters [kPa]
20

Gas superficial velocity at carbonator inlet [m/s] 5
Calciner outlet temperature [°C] 920
Pressure losses in calciner [kPa] 15
Recycle gas temperature [°C] 400
Oxygen concentration in oxidant flow to calciner [%vol.] 50
Oxygen preheating temperature [°C] 150
Oxygen concentration in calciner off-gas [%vol.] 5
Auxiliaries for calciner fuel grinding [kWhe/kgcoal] 0.0083

Air separation unit
Oxygen purity [%vol.] 95
Electric consumption [kWh/tO2] 226
LP steam consumption for TSA regeneration [kJ/kgO2] 58.3

Heat recovery steam cycle
Evaporation pressure [bar] 100
Superheated steam temperature [°C] 530
Condensing pressure [bar] 0.07
Steam turbine isentropic efficiency [%] 85.7
Steam turbine mechanical-electric efficiency [%] 97
Feedwater pump hydraulic efficiency [%] 75
Feedwater pump mechanical-electric efficiency [%] 94
Electric consumption for heat rejection to ambient [% of

the heat rejected]
1

Pressure drop in the economizer [bar] 20
Pressure drop in superheater [%] 8
Pressure drop in turbine admission valve [%] 5
LP steam bleeding pressure [bar] 0.35
Deaerator temperature [°C] 140
Pressure drop of the bled steam to deaerator [%] 7
Pressure drop of the bled steam to surface preheater [%] 5
Pinch point temperature difference in the surface FWH

[°C]
3

Water-condensate temperature difference in surface FWH
[°C]

5

Pinch point temperature difference in steam generator [°C] 10

CO2 compression and purification unit
Pressure in the CO2 purification vessel [bar] 17.3
Temperature in the CO2 purification vessel [°C] −54

Table 1 (continued)

Number of LP/HP intercooled compression stages 3 / 2
Minimum ΔT in the main heat exchanger [°C] 2
IC compressor isentropic efficiency LP/HP [%] 82 / 84
IC compressor mechanical efficiency LP/HP [%] 94 / 92
Last stage IC compressor CO2 discharge pressure [bar] 89.1
Pump mechanical efficiency [%] 90
Pump hydraulic efficiency [%] 75
CO2 purity [%vol.] > 95%
CO2 delivery pressure [bar] 150
CO2 delivery temperature [°C] 35
Equivalent electric consumption for dehydration [kWhe/

tCO2]
3
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65%wt. of C3S, 15%wt. of C2S, 10%wt. of C3A and 10%wt. of C4AF
(Suhr et al., 2015). Smaller amounts of other components like MgO,
CaO, K2SO4, Na2SO4 and CaSO4 also appear in the final clinker. Clinker
exiting the cooler is ultimately ground and mixed with gypsum (bi-
hydrate calcium sulphates) and/or other materials like pozzolana,
limestone, fly ash and slag to make cement.

2.2. Ca-Looping system

A system of two interconnected circulating fluidized bed (CFB) re-
actors is considered for the carbonator and the calciner of the CaL
system.

In the baseline configuration, the carbonator of the CaL system is
placed between the preheating tower and the raw mill as depicted in
Fig. 2. Exhaust gas exiting the preheater tower at about 330 °C (stream
#18) is compressed by the cement kiln induced draft (ID) fan to be
introduced into the carbonator reactor. The CO2-depleted gas from the
carbonator (#20) has a reduced flow rate due to the removal of most of
the CO2, but it exits the carbonator at 650 °C, with a sensible heat
content which exceeds the heat requirement for raw meal drying.
Therefore, the decarbonized flue gas stream is cooled to a temperature
of about 430 °C (#21) before mixing with a recycle stream for tem-
perature moderation and entering the raw mill. For the ease of retrofit
of an existing cement plant, the most preferable configuration is to
place the carbonator of the CaL system downstream the raw mill (i.e.
stream #19 in Fig. 2 enters first the raw mill and then the carbonator),
avoiding in this way any change of the raw mill operation. The draw-
back of this configuration is related to the high air infiltration in the
mill, causing a significant increase of the flow rate and a reduction of
the CO2 concentration of the flue gas to be treated in the carbonator,
with a consequent increase of carbonator size and cost. This alternative
configuration is discussed further on in Section 4.1.

The carbonator reactor is operated at the typical temperature of
650 °C (Martínez et al., 2016) and the solids exiting this reactor (#22)

are sent to the calciner, where oxy-combustion of coal is carried out to
calcine the CaCO3 formed in the carbonator. Complete calcination (i.e.
100% calcination degree) and a calciner outlet temperature of 920 °C
are assumed in the oxyfired calciner. Higher calcination temperature
than in the pre-calciner of the cement kiln is needed to allow calcina-
tion under the higher CO2 partial pressure conditions in this reactor.
The selected calcination temperature is 35–40 °C above the calcination
equilibrium temperature in the obtained CO2-rich atmosphere, which is
a sufficient margin to justify the assumed complete calcination
(Martínez et al., 2013). The same coal used in the clinker production
process is considered to be burned in the CaL calciner. A cryogenic Air
Separation Unit (ASU) produces 95% pure oxygen to be used as oxidant
in the CaL calciner. Electric consumption of the ASU has been defined
taking into account the size of plant and have been assumed equal to
226 kWh/tO2 (Queneau and Marcuson, 1996). Low pressure steam is
condensed in the ASU to provide a heat of 58.3 kJ/kgO2 for the re-
generation of the TSA bed for front end air purification (IEAGHG,
2005). A CO2 recycle (#13) acts as temperature moderator, by reducing
O2 concentration in the oxidant stream at calciner inlet down to 50% on
a molar basis.

The rich-CO2 stream generated in the calciner of the CaL process
achieves a CO2 purity of around 90% (on a dry molar basis), due to the
oxidant excess required for ensuring complete combustion and to the
residual N2 and Ar impurities contained in the oxygen stream from the
ASU. Since the purity required for the final storage of CO2 may range
from 95 to 99%mol depending on the storage site (Pipitone and
Bolland, 2009), a CO2 purification unit (CPU) is needed. The CPU
considered in this work is based on a conventional single stage phase-
change based separation auto-refrigerated scheme (Shah, 2011). The
CO2-rich stream to be purified is compressed up to a pressure of
19.6 bar in a three-stage intercooled compressor, dehydrated and
cooled down to −45 °C in a counter-current heat exchanger featuring
both the non-condensable gas stream at −54 °C and the purified CO2 as
cold sinks. CO2 dehydration was assumed to consume LP steam and
electricity, causing an equivalent electric power consumption of 3 kWe/
(tCO2/h) (IEAGHG, 2014). Pressure after the first three intercooled stage
compression section, which determines the pressure of the knock-out
drum, has been selected in order to obtain a purified liquid CO2 stream
with purity higher than 95%. The partial liquefaction of the CO2-rich
stream to be purified is achieved thanks to the refrigeration effect
provided by the purified liquid CO2 stream. Indeed, the purified liquid
CO2 stream, after separation in the knock-out drum, is flashed to
13.5 bar and −55.7 °C in a Joule-Thomson throttling valve and then re-
evaporated in the counter-current heat exchanger. The purified CO2

stream is finally compressed up to 90 bar in a two-stage intercooled
compression section and then pumped up to 150 bar to be delivered to
the storage site. In this process, a fraction of around 3% of the CO2

entering the CPU is lost with the vent stream of non-condensable gases.
Following the approach proposed by Romano (2013), most of the CO2

in the vent stream from the CPU can be recovered by feeding the vent
gas back to the carbonator of the CaL process (#43).

CaL limestone make-up flow (#8) is introduced though a dedicated
limestone mill. Its flow rate is defined through the ratio F0/FCO2, which
indicates the molar flow rate of fresh CaCO3 introduced into the CaL
system per mole of CO2 entering the carbonator with the flue gas. The
amount of CaCO3 introduced in the calciner is ultimately extracted as
CaO in the CaL purge (#2), cooled to 80 °C (#3) and sent to the raw
mill where it is further ground together with additional limestone and
correctives (#1) to produce the raw meal (#25). The integration level
(IL) is therefore defined as the percentage of Ca entering the clinker
burning process with the CaL purge with respect to the total Ca fed to
the plant.

Table 2
Raw meal composition (wt.%), after drying.

CaCO3 79.08
SiO2 13.77
Al2O3 3.33
Fe2O3 2.01
MgCO3 1.53
Moisture 0.28

Table 3
Coal composition and heating value.

Coal composition, wt.%

C 69.00
H 4.00
S 0.50
N 0.48
O 9.00
Ash 16.50
Moisture 0.50
Lower Heating Value, MJ/kg 27.0

Ash composition, wt.%
SiO2 43.70
Al2O3 32.42
CaO 18.18
Fe2O3 4.00
MgO 1.70
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In the cement kiln integrated with the CaL process, the mass flow
rate and composition of the material from the pre-calciner fed to the
rotary kiln are kept unchanged with respect to the reference case
without CO2 capture. Therefore, the amount of correctives fed to the
raw mill is adjusted taking into account the SiO2, Fe2O3 and Al2O3 in
the coal ash contained in the CaL purge. The only species that cannot be
controlled is CaSO4, which is unavoidably formed in the CaL calciner
and the clinker burning line by reaction of CaO with SO2 generated by
coal combustion. Therefore, sulfur content in the final clinker is uni-
vocally determined by a mass balance on the total fuel consumption in
the plant and increases when the CaL process is used for CO2 capture
compared to the conventional cement plant without CCS. In the re-
ference cement kiln without CO2 capture, the final clinker contains
0.24%wt. of CaSO4. In the cases assessed in this work, CaSO4 content
increases from 0.46%wt. with IL = 80% to 0.95%wt. with IL = 15%
when integrating the CaL process. Such CaSO4 concentrations are well
below the specification limit for the Portland cement clinker of 2.6%wt.
(or 1.5%wt. of SO3).

In addition to the make-up ratio F0/FCO2, the sorbent circulation
between the carbonator and calciner reactors is another key parameter
of the CaL process. This solid circulation is defined through the FCa/
FCO2 ratio, which indicates the moles of CaO flowing into the carbo-
nator per mole of CO2 entering the carbonator with the flue gas.
Considering that coal ashes contain significant amount of CaO, only the
CaO originating from limestone make-up is considered when computing
FCa (i.e. CaO coming from coal ashes, which may represent up to 5% of
total CaO in the cases analyzed in this work, is considered inactive as
CO2 sorbent).

The third CaL main process parameter is the solid inventory in the
carbonator. Higher solid inventories lead to higher CO2 capture rates
for given F0/FCO2 and FCa/FCO2 ratios but also to higher gas pressure
drops and fan consumption. In this work, an inventory of 1000 kg per

m2 of carbonator cross-section is considered as a baseline value.
The CFB carbonator model developed by Romano (2012) is used for

calculating the CO2 capture efficiency (Ecarb). This model is based on
the Kunii and Levenspiel CFB model (Kunii and Levenspiel, 1997) and
considers the kinetic model proposed by Grasa et al. (2008), corrected
to take the effect of coal ash and sulphur into account. As a matter of
comparison, carbonator efficiency is also calculated assuming that CaO
particles achieve their maximum conversion (Xave) in the carbonator. In
this ideal situation, Ecarb is limited either by the equilibrium of the
carbonation reaction (i.e. by the equilibrium CO2 partial pressure in the
gas phase at the assumed carbonator temperature) or by the flow of
CaO entering the carbonator. This maximum theoretical carbonator
capture efficiency can be calculated according to Eq. (2), where Xave is
estimated using Eq. (3) considering the semi-empirical CaO capacity
decay law proposed by Grasa and Abanades (2006), with a decay
constant k of 0.52 and residual capacity Xr of 0.075, and the statistical
cycle number distribution rN calculated by Abanades (2002).
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2.3. Heat recovery steam cycle

One of the inherent advantages of the Ca-Looping process is that
most of the thermal power generated by coal combustion into the cal-
ciner can be efficiently recovered as high temperature waste heat for
electricity production. As highlighted by the process flowsheet of Fig. 2,
the following heat sources are suitable for heat recovery:

Fig. 3. Process Flow Diagram of the Heat Recovery Steam Cycle (steam cycle streams reported in blue, streams of the CaL process shown in Fig. 2 providing heat to the HRSC reported in
black). Properties of the streams of the base case CaL cement kiln with Integration level (IL) = 20%, carbonator solid inventory (Ws) = 1000 kg/m2 and carbonator efficiency (Ecarb)
= 90% are reported in Table A2 in the Appendix A.
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• The ‘CARBONATOR’, which makes available the carbonation reac-
tion heat and the sensible heat of the circulating solids that are
cooled down from the calciner temperature of 920 °C to the carbo-
nator temperature of 650 °C. A separate external heat exchanger
could also be used to cool the calcined solids before they enter the
carbonator. Such an option will differ in the design of the system,
but does not influence the quality of the heat recovered in the
process. Therefore, the efficiency of the heat recovery steam cycle
and the overall energy performance of the process are not affected
by this design variable.

• The flue gases cooler (‘FLUE GAS COOLER), which extracts thermal
power from the CO2-depleted gaseous stream leaving the carbonator
at 650 °C. This gas is cooled down to the temperature that allows
providing the heat needed for raw meal drying in the raw mill
(about 430 °C for CO2 capture efficiency in the carbonator of 90%).

• The high and low temperature coolers of the CO2-rich stream exiting
the calciner (“HT CO2 COOLER 1”, ‘HT CO2 COOLER 2’ and ‘LT CO2
COOLER’), which cool down the gas from calcination temperature to
the CPU inlet temperature (80 °C). This cooling section is composed
by a sequence of convective heat exchangers. The CO2-based stream
is first cooled to 400 °C (‘HT CO2 COOLER 1’), before being split into
two streams. The first one is recirculated to the calciner, whereas the
remaining fraction is further cooled down to 80 °C in two steps (‘HT
CO2 COOLER 2’ and ‘LT CO2 COOLER’). Between these two heat
exchangers, heat is recovered within the Ca-Looping process for
preheating the oxygen stream (#5–6 in Fig. 2) used in the oxy-fuel
calciner.

• The purge cooler, which cools the CaO-rich solid purge extracted
from the Ca-Looping system down to nearly ambient temperature,
before sending it to the raw mill. Here, heat recovery is performed in
a fluidized bed cooler where solids are cooled from 920 to 120 °C.

Given both the amount and the temperature level of the waste heat
available in the Ca-Looping system, the most efficient and cost-effective
technology for electricity production is a Heat Recovery Steam Cycle
(HRSC). In this way, it is possible to generate electricity to partly or
totally compensate the auxiliary consumption of the cement kiln and of
the CO2 capture section (i.e. the ASU, the CO2 compression and pur-
ification unit, fans, etc.) and in some cases exporting the excess electric
power to the grid.

Fig. 3 shows the configuration of the HRSC, whereas Table 1 sum-
marizes the main assumptions adopted for its simulation.

The process flow diagram of the steam cycle is defined by taking
into account that, from a thermodynamic point of view, the cycle would
benefit from the introduction of regenerative feed-water heating
(FWH), since there is a large amount of thermal power available at high
temperature (more than 90% of the heat can be recovered above
320 °C), which could be more efficiently exploited for steam evapora-
tion and superheating rather than for economization.

It is worth noting that the choice of the best configuration and set of
operating conditions (temperatures and pressures) of the HRSC is
driven not only by thermodynamic considerations (e.g., by the T-Q
profile of the waste heat available), but also by economic aspects. For
instance, the size of the cycle (i.e. the steam turbine power output),
which falls in the range 30–85 MW in all the cases herein assessed, as
well as the complexity of the heat recovery network, play a significant
role in the definition of the best HRSC configuration and steam para-
meters. Steam cycles with size and complexity similar to the one en-
visaged in this study are conventional in applications such as waste-to-
energy (WTE) plants (Consonni and Viganò, 2012) and biomass-fired
and industrial power generation plants (Estabrook and Leger, 2002;
Siemens, 2009).

Steam turbine inlet conditions are assumed equal to 100 bar and
530 °C. These parameters are in line with the state of the art of steam
turbines, designed for industrial purposes, featuring gross power out-
puts in the 60–100 MW range (Estabrook and Leger, 2002; Siemens,
2009). This temperature limit allows the adoption of ferritic and low-
alloyed steels for the hot sections of the steam cycle, while avoiding the
widespread use of expensive materials such as austenitic or high-al-
loyed steels, typical of large-scale UltraSuperCritical steam cycles for
which the adoption of more challenging steam conditions and more
complex and highly-efficient layouts is justified by economies of scale
(Spliethoff, 2010).

In this paper, the HRSC features a single evaporation level and an
air-cooled condenser, where steam is condensed at 0.07 bar. The steam
generation section includes two feed-water heaters, i.e. one surface
regenerator (FWH 1) and a deaerator operating at 140 °C (DEA). In
order to maximize the heat recovery from low-temperature heat
sources, a low-temperature economizer (LT ECO) is located between the
two preheaters. The liquid exiting the deaerator is first heated through
a sequence of coolers where heat from the CaO-rich solid purge, the
CO2-rich calciner exit gas and the CO2-depleted gas from the carbonator
is recovered. Afterwards, the still sub-cooled liquid (SC-12) enters the
carbonator, where saturated steam (SC-13) is generated. Finally, steam
is superheated to 530 °C (SH) by the high temperature gaseous stream
exiting the calciner.

In this work, the relation between the steam turbine size and its
isentropic efficiency has been defined according to the curve calibrated
by Consonni and Viganò (2012), which reports the variation of the
isentropic efficiency as a function of net power output for WTE steam
cycles, in the range between 3 and 110 MW. Given the size of the HRSC
of interest, the isentropic efficiency of the steam turbine is estimated to
be close to 86% and the steam turbine is assumed to be directly con-
nected to the electric generator. The steam cycle conditions are such
that the steam quality at the discharge of the steam turbine is always
above 88%. The steam turbine features two extractions, the first one at
3.9 bar feeding the deaerator (SC-17) and the ASU and CPU TSA beds
(SC-18 and SC-20), whereas the second one (SC-14) feeds the FWH 1
preheater.

Based on economic considerations, steam cycle parameters and
steam turbine efficiency may be different from those considered in this
work, resulting in a different electric efficiency of the HRSC. The effect
of the efficiency of the HRSC on global plant performance has been
assessed in Section 4.2.

3. Methodology and key performance indicators

As anticipated, the cement kiln model has been calibrated to

Table 4
Reference efficiency and CO2 emission factor for power generation technologies. In ad-
dition to the power generation technologies proposed in ((CEMCAP (2017), a generic
state-of-the-art pulverized coal power plant with CCS is also considered.

Power generation technology Electric efficiency,
%

CO2 emission factor,
kg/MWh

Pulverized coal, state of the art
(European Union, 2004)

44.2 770

Pulverized coal, sub-critical 35.0 973
Pulverized coal, state of the art with

CCS
35.0 90

Natural gas combined cycle
(European Union, 2004)

52.5 385

Renewables (100% efficiency) (IEA,
2015)

100 0
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reproduce the heat and mass balances of the reference cement plant of
the ECRA and IEAGHG works (Hoenig et al., 2012; IEAGHG, 2013).
These balances have been calculated with the proprietary code GS (Gas-
Steam cycle), which was developed by the GECOS group of the De-
partment of Energy of Politecnico di Milano (Gecos, 2013). This code
assumes ideal behavior for solids, liquids and gases, with thermo-
dynamic properties calculated by means of NASA polynomials
(Gardiner, 1984) using thermodynamic databases available in Stull and
Prophet (1971). Only pure water/steam is considered as real fluid
through the IAPWS 97 thermodynamic properties. The thermodynamic
properties of clinker species (C3S, C2S, C3A, C4AF) have been taken
from Matschei et al. (2007), while for CaO and CaCO3 properties in
Barin (1995) have been used. The validation of the reference cement
kiln model is reported in the public Cemcap report "D4.1: Design and
performance of CEMCAP cement plant without CO2 capture" (CEMCAP,
2016). The GS code allows modelling complex processes by means of a
modular structure, but it does not have any predictive model for cal-
culating cement kiln components. Therefore, parameters such as the
efficiency of the cyclones, calcination degree in the pre-calciner or heat
losses in each suspension preheater stage, have been provided as model
inputs. The CPU and the steam cycle have been calculated using Aspen
Plus. For the CPU, thermodynamic properties of fluids are calculated
using the Peng Robinson equation of state, whereas for the HRSC
IAPWS-95 is adopted. Finally, the reactor model used for calculating
the carbonator of the CaL system has been solved in Matlab.

For evaluating the performance of the cement plant with and
without CO2 capture and for analyzing the effect of the different sce-
narios and configurations considered in the coming sections, the fol-
lowing key performance indicators are used:

• Direct fuel consumption (q) [MJLHV/tclk], which indicates the primary
energy consumed through coal combustion in the cement plant (i.e.
rotary kiln, pre-calciner and CaL calciner) per unit of clinker pro-
duced.

• Indirect fuel consumption (qe) [MJLHV/tclk], which indicates the pri-
mary energy consumption associated to the net electric consumption
in the cement plant (Pe) and it is calculated according to Eq. (4).
Based on this definition, when electricity is exported from the ce-
ment plant to the grid, as in most of the CaL cases in this paper, qe
becomes negative, indicating a credit of primary energy.

=q P
ηe

e

ref e, (4)

The calculation of the indirect fuel consumption needs the definition
of a reference electric efficiency (ηref,e), which depends on the fuel and
technology used for generating the electricity consumed in the cement
kiln. Coherently with CEMCAP (2017), different electricity production
scenarios are considered in this work, as shown in Table 4.

• Equivalent fuel consumption (qeq) [MJLHV/tclk], which is the sum of
the direct (q) and indirect (qe) fuel consumptions defined above.

• Direct CO2emissions (eCO2) [kgCO2/tclk], which refer to the amount of
CO2 directly emitted at the stack of the cement plant to the atmo-
sphere per unit of clinker produced.

• Indirect CO2emissions (eCO2,e) [kgCO2/tclk], which correspond to the
CO2 emissions associated to the production of the electricity con-
sumed in the full process Pe. These indirect emissions are calculated
according to Eq. (5), where the term eref,e refers to the specific
emissions of the reference electric scenario considered (i.e. those
reported in Table 4). In case of electricity export to the grid (i.e.
Pe < 0), the indirect emissions are negative, indicating a CO2

emission credit.

= ⋅e P eCO e e ref e2, , (5)

• Equivalent CO2emissions (eCO2,eq) [kgCO2/tclk], which are the total
CO2 emissions, defined as the sum of the direct (eCO2) and the in-
direct (eCO2,e) emissions.

• Specific Primary Energy Consumption for CO2Avoided (SPECCA)
[MJLHV/kgCO2], which is calculated by Eq. (6), indicates the addi-
tional equivalent primary energy consumption to avoid the emission
of a unit mass of equivalent CO2 with respect to the reference ce-
ment kiln without CO2 capture.

=
−

−
−

−
SPECCA

q q
e e

eq eq ref

CO eq ref CO eq2, 2, (6)

4. Results

Fig. 4 shows the CO2 capture efficiency attained in the carbonator of
the CaL system as a function of the FCa/FCO2 ratio for ILs of 15, 20 and
25%, which correspond to F0/FCO2 values of 0.11, 0.16 and 0.21,

40%
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80%

90%

0 2 4 6 8 10 12

Ideal (IL=15)

Model (IL=15) - Ws 1000 kg/m2

Ideal (IL=20)

Model (IL=20) - Ws 1000 kg/m2

Ideal (IL=25)

Model (IL=25) - Ws 1000 kg/m2

Model (IL 20) - Ws 600 kg/m2

Fig. 4. Carbonator CO2 capture efficiency as a function of the FCa/
FCO2 ratio and the integration level IL, as predicted by the carbonator
model of Romano (2012), for inventories of 1000 and 600 kg/m2

(solid lines), compared with the ideal capture rate given by Eqs. (2)
and (3) (dashed lines).
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respectively. Capture efficiency curves calculated by the reactor model
developed by Romano (2012) are compared with the ideal capture rate
calculated by Eqs. (2)–(3).

High ILs lead to high sorbent make-up in the CaL process and
therefore to highly active CaO sorbent in the CaL reactor system, which
results in an increase of the carbon capture efficiencies achieved in the
carbonator. As can be seen in Fig. 4, two regions can be distinguished
for all the curves. For low values of the sorbent circulation rate FCa/
FCO2, the CO2 capture efficiency in the carbonator (Ecarb) is limited by
the availability of active sorbent in this reactor, and a steep Ecarb in-
crease can be observed when solid circulation is raised. For high values
of FCa/FCO2, the capture efficiency Ecarb is limited by the thermo-
dynamic equilibrium of the carbonation reaction and the maximum
theoretical capture efficiency of about 96% is achieved in the ideal case,
which is asymptotically approached when the reactor model is used.
For the ideal cases, a sharp transition between the two zones is ap-
preciated, whereas for the cases calculated using the carbonator model
a smooth transition is noticed, indicating that carbonator performance
is limited by kinetics and mass transport when active sorbent circula-
tion is close to the stoichiometric one.

Concerning the IL between the CaL system and the cement plant,
when increasing the sorbent make-up flow into the CaL system, the
amount of solids purged from the system increases, reducing the
amount of ashes from coal and CaSO4 in the solid population and the
average number of calcination-carbonation cycles experienced by CaO
particles. Both effects favor the average reactivity of the solids popu-
lation, which leads to a smaller difference between the ideal and the
model curves. Moreover, the increase of the average CaO activity for
higher ILs shifts the transition between the two aforementioned zones
to lower values of the FCa/FCO2 ratio.

Another aspect to take into account about the IL between the CaL
system and the cement plant concerns the increase of inert species (i.e.
ashes and CaSO4) in the solid purge sent to the cement kiln. When re-
ducing the F0/FCO2 in the CaL process, the buildup of inert material in
this process increases, resulting in a higher content of these species in
the CaO-rich purge sent to the raw mill. Concerning the CaSO4, as an-
ticipated in Section 2.2, its weight fraction in the final clinker produced
reaches the maximum value of 0.95%wt. for the most unfavorable set of
conditions shown in Fig. 4 (i.e. minimum IL of 15% and largest solid
circulation between reactors, FCa/FCO2 > 12).

For the sake of comparison, a case with a reduced solid inventory in
the carbonator is also reported in Fig. 4 for IL of 20%. When dimin-
ishing the solid inventory in the carbonator from the initial 1000 kg/m2

to 600 kg/m2, the CO2 capture efficiency in this reactor diminishes due
to the reduced active space time (Charitos et al., 2011; Romano, 2012).
The highest effect is again in the transition zone between the chemical
equilibrium-limited and the sorbent availability-limited zones, where
the effect of kinetics on CO2 capture efficiency is higher.

As far as the fluidized beds hydrodynamics is concerned, the
minimum specific solid flow rate per unit of fluidized bed cross section
(Gs,min) needed to ensure solids circulation between the two reactors
has been calculated. For both the carbonator and the calciner, the re-
actors cross section is computed by assuming a gas superficial velocity
of 5 m/s. Gs,min is therefore computed as the ratio between the mass
flow rate of the solids flowing between the reactors and the cross-sec-
tion of the reactor where such solids come from. Fig. 5 shows Gs,min as a
function of IL and FCa/FCO2. For FCa/FCO2 ratios in the CaL system be-
tween 4 and 6, minimum solid circulations are in the range of 8–17 kg/
m2 s and of 4–7 kg/m2 s for the carbonator and the calciner respec-
tively. These values of Gs,min are in the range of the typical solid cir-
culation of commercial CFB combustors, indicating that the solid cir-
culation can be entirely sustained by the transport capacity of the gas in
the reactors. As can be seen from Fig. 4, at FCa/FCO2 of 4–6, carbon
capture efficiencies between 70% and>95% are feasible in the car-
bonator of the CaL system depending on the IL.

Detailed results of the heat and mass balances are shown in Table 5
for selected cases with IL between 15 and 80%, Ws of 1000 and 600 kg/
m2 and solids circulation rates adjusted to achieve Ecarb of 90% (from
second to fifth column). For the sake of comparison, results obtained for
the reference cement kiln without CO2 capture have been also included
in this table (first column).

The total fuel thermal input increases by 95–210% when including
the CaL into the cement plant. Fuel consumption in the rotary kiln re-
mains basically constant, while fuel consumption in the pre-calciner
reduces by 17% for IL = 15% to 93% for IL = 80% with respect to the
reference cement kiln, because of the replacement of CaCO3 in the raw
meal with CaO from the CaL solid purge. Consequently, the higher the
IL, the lower the fuel consumption in the pre-calciner. Regarding fuel
consumption in the calciner of the CaL process, it accounts for about
70–80% of the total fuel consumption of the plant, which corresponds
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Fig. 5. Minimum solid circulation in the reactors of the CaL system as
a function of the Integration Level (IL) and the CaO circulation rate
(FCa/FCO2).
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to 150–220% of the fuel consumption in the reference cement plant
without capture. The reason for such a large increase of fuel con-
sumption is intrinsic in the tail-end configuration (see Fig. 1), because
the CO2 released in the pre-calciner from the raw meal calcination re-
sults in the formation of CaCO3 in the carbonator of the CaL process,
which is calcined again in the oxyfuel calciner. This double calcination
step, needed for capturing the molecules of CO2 originally in the
limestone fed to the pre-calciner of the cement kiln, involves significant
overall fuel consumption. This double calcination effect reduces if IL
increases because limestone fed to the CaL calciner is subject to a single
oxyfuel calcination process. This is why the lowest overall fuel con-
sumption has been obtained for the case with IL = 80%.

Concerning the electric power balance of the selected cases shown
in Table 5, the main electric consumptions are due to oxygen produc-
tion in the ASU and to CO2 compression. In the cases with IL between
15 and 25%, electricity produced by the steam cycle exceeds the elec-
tricity consumed by these process units and the other auxiliaries, re-
sulting in a net power export between 65 and 170 kWh/tcem, to be
compared with the net electricity import of 97 kWh/tcem of the re-
ference cement plant without CO2 capture. For the cases with IL of 50
and 80%, net power import between 36 and 95 kWh/tcem is obtained.
Therefore, in the case with IL = 80%, the power generated by the
steam cycle compensates the consumptions of the ASU, CPU and other
auxiliaries, resulting in a net electric balance very similar to the
benchmark plant without CO2 capture. In general, higher power export
is obtained by lowering the IL, because of the increase of the fuel input
to the CaL and the consequently higher thermal power available for the
steam cycle.

The result of the case where the CO2-rich vent gas from the CPU is
recycled to the carbonator is shown in the last column of Table 5 for the
case with IL = 20%. Increased fuel consumption by 10.7% in the CaL
calciner is obtained with respect to the corresponding case without vent
recycle and the same IL and inventory, due to the increased CO2 flow
rate captured in the carbonator. This is because the target carbonator
efficiency of 90% here includes also the CO2 flow contained in the CPU
off gas. As a consequence of the higher fuel consumption, electricity
produced by the steam cycle is also higher, with a net electricity export
of 129 kWh/tcem, which is about 45% higher than in the corresponding
case without CPU vent recycle.

Fig. 6 shows the cumulative Temperature-Heat duty curve for the
HRSC of the selected case with IL = 20%. As noticed, most of the
thermal input to the steam cycle is provided by the carbonator of the
CaL process, which in this case makes available about 105 MW com-
pared to an overall thermal power input of 179 MW to the HRSC. It is
worth highlighting that the pinch point occurs at the entrance of the
high temperature economizer HT ECO1 and the low temperature
economizer LT ECO (i.e. between streams SC-9 and 3 and between SC-6
and 17 of Fig. 3), whereas larger temperature differences (always
higher than 50 °C) occur in the other economizers, and in the eva-
poration and superheating sections.

In the cases shown in Table 5, the steam cycle achieves net electric
efficiencies (i.e. net electric power output divided by the thermal power
provided to the steam cycle) of about 35%. Slightly higher efficiencies
are obtained for the cases with higher fuel input, mainly because of the
higher fraction of heat available at high temperature.

As anticipated before, indirect fuel consumption and CO2 emissions
have been evaluated with respect to different reference electric pro-
duction scenarios. Depending on the scenario considered, values of the
electric production efficiency (ηref,e) and the specific emissions (eref,e)
change. From a technical point of view, the authors consider the state-
of-the-art coal-fired ultra-supercritical (USC) power plant as the most
reasonable reference power generation scenario, because it represents
the state-of-the-art power generation technology using the same type of
fuel of the cement plant. On the other hand, from a Life Cycle
Assessment (LCA) perspective, the actual indirect emissions and fuel
consumptions of a CCS project will depend on the specific technology
that will balance the variation of the power exchanged with the grid,
which is very much dependent on the installation site. In Table 6, key
performance indicators are computed considering the four mentioned
scenarios for electricity production indicated in Table 4.

Direct CO2 emissions in the selected cases with different ILs are
reduced by 86–94% with respect to the cement plant without CCS.
Highest direct CO2 emissions correspond to the lowest IL case because
this is the case with the largest amount of CO2 generated in the CaL
calciner (i.e. largest fuel consumption in this reactor as given in
Table 5), and therefore the largest amount of CO2 lost with non-con-
densable species from the CPU. In the case with CPU vent recycle to the
carbonator, direct emission reduction of 91.5% is obtained.

Fig. 6. T-Q cumulative diagram for the heat
recovered from CaL streams for the base
case with IL = 20%, Ws = 1000 kg/m2 and
Ecarb = 90%.
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As noticed in Table 6, for the three scenarios with electric power
generation by fossil fuels, negative indirect CO2 emissions are obtained
for the cases with IL = 15–25%, as a consequence of the export of
electricity to the grid (i.e. Pe < 0 in Eq. (5)). For the coal-based power
generation without CCS scenarios, emission credits are such that
equivalent CO2 emissions approach zero and become even negative for
the case with IL = 15%, leading to equivalent emission reductions
higher than 100%. For the cases with higher IL, positive indirect
emissions are obtained, leading to percentage equivalent emission re-
duction lower than direct emission reduction. In the renewable power
generation scenario, there are no indirect emissions associated to the
import/export of electricity and equivalent CO2 emissions are equal to
the direct CO2 emissions of the cement plant with CCS. In the inter-
mediate case with natural gas-based power generation scenario,
equivalent emission reduction between 89 and 100% are obtained.

As to the SPECCA, a wide range of values is obtained, as shown in
Table 6, mainly depending on the reference power generation scenario
considered. For coal-based power generation scenario, SPECCA of 2.7-
3.7 MJ/kg and 3.5-3.7 MJ/kg have been obtained for the subcritical
and ultra-supercritical reference technologies, respectively, which are
values comparable to the SPECCA of benchmark CO2 capture technol-
ogies integrated in coal-fired power plants, calculated with consistent
methodology (EBTF, 2011; Kvamsdal et al., 2014; Romano, 2013). For
coal-based power generation with CCS scenario, SPECCA between 3.6
and 3.9 MJ/kg have been obtained, i.e. slightly higher than the PC
supercritical plant without capture. SPECCA increases in the renewable
power generation scenario, up to 3.8-7.4 MJ/kg, and in the natural gas
power generation scenario, up to 3.8-4.9 MJ/kg. These results highlight
the significant influence of the CO2 intensity of the electricity mix on
the SPECCA index and therefore on the attractiveness of the CaL pro-
cess, from the energy and environmental perspective. The only case
whose SPECCA is unaffected by the power generation scenario is the
case with IL = 80%. In this case the net electric consumption is very
close to the reference cement plant without capture. Therefore, indirect
emissions and fuel consumptions are virtually the same, independently
of the power generation scenario considered.

4.1. Retrofittability

In this section, the retrofittability of the CaL process in existing
cement kilns is discussed. In Fig. 7, the solid/gas mass ratio and the gas
flow rate along the preheating tower of the reference cement kiln and of
the CaL cement kiln with IL = 20%, Ws = 1000 kg/m2 and
Ecarb = 90% are compared. Gas volume flow rate (and therefore gas
velocity) decreases by 3–4% in the CaL case, because the replacement of
part of the CaCO3 in the raw meal with the CaO-rich solids purged from
the CaL system results in a lower fuel thermal input in the pre-calciner
and in a lower amount of CO2 released from raw meal calcination. On
the other hand, the mass flow rate of solids introduced in the tower is
also reduced due to the partial substitution of CaCO3 with CaO. As a
consequence, the solid/gas mass ratio along the pre-heating tower
barely changes with respect to the reference cement kiln without CO2

capture.
When the integration level is increased to 50% and 80%, gas volume

flow rate in the preheating tower reduces to 8–10% and 14–17% re-
spectively. The stable operation of the preheating tower has to be
verified in these cases and the reduction of the inner diameter of the
risers (e.g. by increasing the thickness of the refractory) or the increase
of the gas flow rate through excess air blowing may be needed to ensure
proper lifting of the solids. On the other hand, the reduction of the gas
flow rate in the preheating tower could also provide the opportunity of
increasing the productivity of the cement kiln, increasing the gas flow
rate by increasing the clinker production. The flexibility of the existing
equipment, especially of the clinker cooler, in accommodating a larger
clinker production should be verified in this case.

Fig. 8 compares the temperature-heat diagrams in the pre-heatingTa
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tower of the reference cement kiln without CO2 capture and of the CaL
kiln. In the CaL case, the total heat exchanged reduces by 15% due to
the reduced heat capacities of both the solid and gas streams in the
tower. Temperatures at the outlet of each stage increase by 10–20 °C.
However, despite of these differences, the final temperature reached by
the solids at the inlet of the pre-calciner is practically the same (750 °C

vs. 761 °C).
Based on the results shown in Figs. 7 and 8, it can be concluded that

the performance of the exiting equipment will not be altered when
integrating a tail-end CaL system and retrofitting of an existing cement
kiln is possible with no modifications of the preheating tower in case of
low ILs.

Fig. 7. Solid/gas mass ratio (a) and gas volume flow rate (b)
at the outlet of each stage of the preheating tower of the
cement kiln without CO2 capture (Base Case) and of the ce-
ment kiln with CaL process and IL = 20% (Tail End
Reference Case).

Fig. 8. Temperature profiles and heat exchanged in the preheating tower
of the reference cement kiln without capture (solid lines) and of the ce-
ment kiln with CaL process and IL = 20% (dashed lines).
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In the CaL configuration shown in Fig. 2, the carbonator of the CaL
process is placed between the outlet of the suspension preheater and the
raw mill. However, for the ease of retrofit, it would be preferable to
place the carbonator downstream the raw mill, which would avoid any
change in the operation of the mill. The effect of such a plant config-
uration is that the gas treated in the carbonator becomes highly diluted
with air, due to air in-leakage in the raw mill, causing a significant
increase of the flue gas flow rate to be treated in the carbonator and a
corresponding decrease of the CO2 concentration.

Starting from the selected CaL base case with IL = 20%,
Ws = 1000 kg/m2 and Ecarb = 90%, the effect of placing the carbo-
nator of the CaL system after the raw mill is assessed. Results obtained
for both cases are reported in Table 7. Considering a typical air leak of
38.8 kg/s in the mill, the flue gas flow rate to be treated in the carbo-
nator increases by 70% and CO2 concentration reduces from 27.6% to
19.2%. The higher flow rate results in a proportionally higher carbo-
nator reactor cross-section to keep the design gas superficial velocity.
The total solid inventory (in kg) in the carbonator is increased to keep
the design specific inventory of 1000 kg per m2 of cross section, leading
to a larger inventory for a given flow rate of CO2 entering the carbo-
nator. However, because of the reduced kinetics caused by the reduced
CO2 partial pressure, solid circulation between calciner and carbonator
reactors (FCa/FCO2) slightly increases when the carbonator is placed
after the raw mill, to maintain the same CO2 capture efficiency in the
carbonator of the base case.

When the carbonator is placed after the raw mill, the temperature of
the gas at the carbonator inlet and convective pass outlet reduce
compared to the reference case. Carbonator inlet temperature (i.e. raw
mill outlet temperature) reduces from 328 °C of the base case to 110 °C
and convective section outlet temperature (i.e. temperature of dec-
arbonized flue gas at the stack) reduces from 430 °C of the base case to
120 °C. Therefore, the sensible heat associated to the gas heating within
the carbonator is comparable with the base case, despite the much
larger flow rate. As a consequence, changing the position of the car-
bonator in the cement plant does not have a significant impact neither
on the total heat input nor on the SPECCA, as shown in Table 7.

Regarding this configuration, it has to be remarked that the carbo-
nator will have to operate in a much wider range of gas flow rates
compared to the base case configuration. As a matter of fact, after

yearly maintenance periods, the raw mill operates with reduced air
leakages, leading to a gas flow rate about 15% lower than in the op-
eration under the typical air leakages considered before (CEMCAP,
2017). Given the carbonator cross-section area, this reduction in the
flow rate turns out in a decrease of the superficial gas velocity at the
carbonator inlet from 5 m/s to 4.2 m/s, which will keep the bed under
fast fluidization regime, with a sufficient solid transport capacity. A
larger variation of the gas flow rate occurs during the so called “direct
operation” time (about 10% of the day), when the preheater off-gas
bypasses the raw mill. Under these conditions, gas volume flow rate
reduces by about 45% and intended dilution with air or recycled flue
gas may be necessary to keep a proper gas velocity and heat balance in
the carbonator.

Based on these figures, it can be concluded that placing the carbo-
nator before or after the raw mill will not affect the plant performance
significantly. Therefore, the selection of the best position of the car-
bonator should be more based on engineering considerations related to
the ease of retrofitting (favoring a post-raw mill carbonator), the cost
and footprint of the CaL unit (favoring the pre-raw mill configuration,
thanks to the smaller gas flow rate to be treated) and the stability of the
operating conditions (favoring the pre-raw mill configuration, thanks to
the smaller gas flow rate variation along the day and the year).

4.2. Effect of the heat recovery steam cycle efficiency

In the previous analysis, steam cycle parameters and turbine effi-
ciency have been defined based on the current industrial practice in the
design of steam cycles of similar size. When moving to larger steam
cycles, which would occur in case the CaL process is integrated in a
larger cement kiln than the reference one considered in this work,
improved steam parameters (i.e. higher live steam temperature and
pressure) and higher steam turbine efficiency are justified from an
economic point of view, resulting in higher steam cycle efficiency. It is
out of the scope of this work to carry out an economic assessment of the
optimal steam cycle parameters, but a sensitivity analysis on the effi-
ciency of the HRSC (i.e. the ratio between the net power output and the
overall thermal input) has been carried out to analyze its effect on the
global performance of the CaL cement kiln. In the analysis performed, it
is assumed that the efficiency can change from a minimum of 20%,

Table 7
Main results of the CaL cement kiln with IL = 20%, Ws = 1000 kg/m2 and Ecarb = 90%, for the base case shown in Fig. 2 with the carbonator placed before the raw mill and for a case
with the carbonator placed after the raw mill.

Carbonator before the raw mill Carbonator after the raw mill

F0/FCO2 0.16 0.16
FCa/FCO2 4.78 4.97
Gas volume flow rate at carbonator inlet, Nm3/s – Nm3/kgclk 42.9 1.31 73.1 2.23
Total heat Input, MWLHV – MJLHV/kgclk 284.3 8.67 286.0 8.72
Heat Input, rotary kiln, MWLHV – MJLHV/kgclk 39.7 1.21 39.7 1.21
Heat Input, pre-calciner, MWLHV – MJLHV/kgclk 50.6 1.54 50.6 1.54
Heat Input, Ca-Looping calciner, MWLHV – MJLHV/kgclk 194.1 5.92 195.8 5.97

Power balance
Gross steam turbine electricity production, MWe – kWhe/tclk 66.16 560.6 65.73 557.0
Steam cycle pumps and auxiliaries, MWe – kWhe/tclk −2.39 −20.2 −2.35 −19.9
Other auxiliaries, MWe – kWhe/tclk −49.50 −419.4 −49.81 −422.1
Net electricity production (Pe), MWe – kWhe/tclk 14.27 120.9 13.57 115.0
Net electricity production (Pe), kWhe/tcem 89.1 84.8

State of the art pulverized coal ultra-supercritical power plant (ηe = 44.20% and 770 gCO2/kWhe)
Equivalent fuel consumption (qeq), MWLHV – MJLHV/kgclk 252.0 7.69 255.3 7.79
Direct CO2 emission (eCO2), kg/s – kgCO2/tclk 3.9 117.7 4.0 123.3
Equivalent CO2 emission (eCO2,eq), kg/s – kgCO2/tclk 0.80 24.5 1.14 34.8
SPECCA, MJLHV/kgCO2 3.60 3.75
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which is typical of an organic Rankine cycle (ORC) for small heat in-
puts, to the maximum value of 45%, which is representative of a large
scale state-of-the-art steam cycle and that may represent a case study
where the steam produced by heat recovery from the CaL process is
used in a nearby large steam power plant.

Fig. 9 shows the effect of the efficiency of the HRSC on the SPECCA
for the four electric production scenarios considered in this work, for
the CaL base case with IL = 20%, Ws = 1000 kg/m2 and Ecarb = 90%.
As reported, the HRSC efficiency influences noticeably the SPECCA. For
the fossil fuels based reference scenarios, a wide range of SPECCA va-
lues is obtained. For the USC coal-based power plant without CCS
scenario, the SPECCA reduces from 7.0 MJLHV/kgCO2 with the steam
cycle efficiency of 20% to 2.1 MJLHV/kgCO2 for efficiency of 45%. With
the most advantageous reference technology of the PC subcritical
power plant, the SPECCA achieves the lowest values among the four
reference scenarios considered, reaching 1.2 MJLHV/kgCO2 for the
highest HRSC efficiency of 45%. In case of the power generation sce-
nario based on renewable energy sources, the performance is less af-
fected by the steam cycle efficiency, featuring SPECCA between 7.2 and
5.4 MJLHV/kgCO2.

4.3. Effect of deeper thermal integration

For the tail-end CaL configuration shown in Fig. 2, the CaO-rich
solid purge extracted from the calcined solids is cooled down and then
fed to the raw mill, where the relatively coarse particles from the
fluidized bed CaL purge are milled to particle size suitable for clinker
production. From a thermal integration point of view, it would be more
efficient to feed the solid purge to the cement kiln preheating tower at
high temperature, without any intermediate cooling step. Considering
the average larger particle size in the CaL fluidized bed reactors
(100–300 μm) compared to the size needed in the rotary kiln
(10–20 μm), such a process configuration would be possible for ex-
ample by collecting the purge stream from fines in the CaL off-gases,
separated by high efficiency cyclones.

Main performance results obtained for this configuration are in-
cluded in the second column of Table 8, where the hot purge from the
CaL calciner at 920 °C is assumed to be fed to the rotary kiln. Compared
to the base case, this configuration can reduce the fuel consumption in
the pre-calciner by 6.5%, thanks to the higher sensible heat of the CaL
purge fed to the clinker burning line. A secondary beneficial effect is
related to the lower amount of CO2 to be captured by the CaL process
thanks to the lower fuel consumption in the pre-calciner, which reflects
into a slightly lower fuel consumption in the CaL calciner. On the
whole, a total fuel saving of 2.5% and a 2.3% better SPECCA (for the
USC power generation scenario) is obtained with this better thermal
integration compared to the base CaL case.

Another option for improving the heat integration of the process is
to preheat the limestone make-up fed to the CaL process with the CO2-
rich off-gases at 920 °C from the CaL calciner. The results of this heat
integration option, where the CaL make-up is assumed to be preheated
to 750 °C, are included in the third column of Table 8. Heat input in the
calciner of the CaL system is reduced by 4.2% with respect to the base
case configuration, leading to lower electric power export and about 2%
lower SPECCA than the base CaL case.

5. Conclusions

In this work, the integration of a tail-end Calcium looping (CaL)
process into a cement plant is assessed, where the CaL carbonator is
used as an end-of-pipe unit to capture the CO2 produced both in the
rotary kiln and in the pre-calciner of a conventional cement kiln. The
performance results provided by detailed process simulations of the
whole cement plant, including the CaL process, the Heat Recovery
Steam Cycle and all the auxiliary units, show that:

• The CaL tail-end process can reduce direct CO2 emissions from ce-
ment kilns by more than 90%. However, this process requires in-
trinsically high fuel consumptions (between twice to three times
larger than a reference cement kiln without CO2 capture), due to the
double calcination needed for the CO2 originating from limestone
decomposition, which is first calcined in the air-blown cement kiln
calciner and then re-calcined in the CaL oxyfuel calciner after it is
captured in the carbonator. Increasing the integration level of the
CaL unit in the cement kiln (i.e. increasing the fraction of CaCO3 fed
to the CaL unit rather than to the clinker burning line) reduces the
double calcination effect and results in lower overall fuel con-
sumptions. For this reason, high integration levels may be preferable
for a cement kiln operator perspective, although this may make
retrofitting less straightforward (see the dedicated comment below)
and may be limited by the portion of high purity limestone used in
the cement plant for raw meal preparation.

• High temperature heat available in the CaL process can be recovered
by a steam cycle, producing sufficient power to fulfil the internal
consumptions of the cement plant and of the capture section (mainly
for oxygen production and CO2 compression and purification). In
this way, a CaL kiln becomes a net exporter of low CO2 electric
power in cases with low integration level, leading to possible
emission credits on a life-cycle basis. In high integration level cases,
total fuel consumption and power generated by the steam cycle
reduce and the cement plant remains a net importer of electric
power, although even with integration level of 80% the power
generated by the steam cycle is sufficient to compensate the electric
consumption of the capture plant (i.e. mainly ASU and CPU). It has

Fig. 9. SPECCA of the base CaL case with IL = 20%, Ws = 1000 kg/
m2 and Ecarb = 90% as a function of the efficiency of the heat re-
covery steam cycle for the different power generation scenarios con-
sidered in this work.
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to be noted that the size of the steam cycle associated to the re-
ference cement kiln producing 3000 tpd of clinker is one order of
magnitude smaller than the steam cycle of a large-scale coal-fired
power plant. Therefore, the heat recovery steam cycle will be based
on a subcritical technology with efficiency of about 35%, which is
noticeably lower than the efficiency of about 45% of a large ultra-
supercritical steam cycle that is based on more advanced steam
parameters and layout.

• Specific primary energy consumption for CO2 avoided (SPECCA)
index largely depends on the reference technology considered for
power generation in the electric grid connected to the cement plant.
This is because indirect fuel savings and CO2 emission credits as-
sociated to power export/import depend on the specific technology
that will balance the variation of the power exchanged with the grid.
When considering the same fuel of the cement kiln (i.e. coal) as
reference fuel for power generation, SPECCA values of 2.7-3.7 MJ/
kg and 3.5-3.7 MJ/kg have been obtained when considering sub-
critical and ultra-supercritical reference technologies without CCS,
respectively. These values are comparable with SPECCA of bench-
mark post-combustion and oxy-combustion technologies applied in
power plants.

Since the SPECCA obtained is highly dependent on the efficiency of
the heat recovery steam cycle and on the reference power generation
technology, a wide sensitivity analysis on these two parameters has
been performed. It has been demonstrated that SPECCA may range from
a lower-bound limit of 1.2 MJ/kg, corresponding to a highly optimistic
scenario where the cement plant features a 45% efficiency heat re-
covery steam cycle in an electricity market where electricity is gener-
ated with a 35% efficiency subcritical PC power plants, to an upper-
bound value of 7.2 MJ/kg, obtained in a highly pessimistic scenario,
where the cement plant features a poorly efficient 20% heat recovery
steam or organic Rankine cycle in a power generation context based on
zero CO2 emissions renewable power plants.

• A retrofitting study has been performed, highlighting that the op-
eration of the existing equipment of an existing cement kiln is not

significantly affected by the integration of a CaL plant in case of low
integration levels of the CaL unit. Gas velocity, gas-to-solids ratio
and temperature profiles in the preheating tower barely change for
integration levels below 25%. For the highest integration level as-
sessed of 80%, gas flow rate and velocity in the preheater reduces by
up to 17%, which may require modification of the risers inner dia-
meter (e.g. by increasing the thickness of the refractory) or the ad-
dition of excess air for ensuring solids lifting in the preheating
tower. On the other hand, the reduction of the gas flow rate in the
preheating tower could also provide the opportunity of increasing
the productivity of the cement kiln, increasing the gas flow rate by
increasing the clinker production. The flexibility of the existing
equipment (especially the clinker cooler) in accommodating a larger
clinker production should be verified in this case.

The impact of the position of the CaL process with respect to the raw
mill has been assessed. When placing the carbonator between the pre-
heating tower and the raw mill a more compact carbonator (i.e. lower
capital costs) and more stable gas flow rates to be treated (i.e. simpler
operability) would result. On the other hand, placing the carbonator
downstream the raw mill would facilitate the retrofittability of an ex-
isting plant because no change in the raw mill operation would be
needed. From the energy efficiency and SPECCA point of view, minor
effect of the position of the carbonator has been obtained.

• Alternative configurations based on a deeper thermal integration
(i.e. hot CaL purge feed to the clinker burning line and CaL make-up
solids preheating) have been assessed, showing the potential of ra-
ther small improvements in fuel consumption (−2.5 to 4.2%) and in
the overall plant performance (∼2% lower SPECCA) for the selected
cases.
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Appendix A

See Tables A1 and A2.

Table 8
Main results of the CaL cement kiln configuration with tighter heat integration, compared to the CaL base case with IL = 20%, Ws = 1000 kg/m2 and Ecarb = 90%.

Reference Ca-Looping case Hot purge feed case Make-up preheating case

F0/FCO2 0.16 0.16 0.16
FCa/FCO2 4.78 4.78 4.79
Total heat input (q), MWLHV – MJLHV/kgclk 284.3 8.67 279.8 8.45 276.0 8.42
Heat input in the rotary kiln, MWLHV – MJLHV/kgclk 39.7 1.21 39.7 1.20 39.7 1.21
Heat input in the pre-calciner, MWLHV – MJLHV/kgclk 50.6 1.54 47.7 1.44 50.6 1.54
Heat input in the Ca-Looping calciner, MWLHV – MJLHV/kgclk 194.1 5.92 192.4 5.81 185.8 5.67

Power balance
Gross steam turbine electricity production, MWe – kWhe/tclk 66.16 560.6 65.48 549.5 62.75 531.7
Steam cycle pumps and auxiliaries, MWe – kWhe/tclk −2.39 −20.24 −2.78 −23.35 −2.25 −19.07
Other auxiliaries, MWe – kWhe/tclk −49.50 −419.4 −49.60 −416.2 −48.82 −413.7
Net electricity production (Pe), MWe – kWhe/tclk 14.27 120.9 13.10 109.9 11.68 99.0
Net electricity production (Pe), kWhe/tcem 89.1 81.0 73.0

State of the art pulverized coal ultra-supercritical power plant
Equivalent fuel consumption (qeq), MWLHV – MJLHV/kgclk 252.0 7.69 250.2 7.6 249.5 7.6
Direct CO2 emission (eCO2), kg/s – kgCO2/tclk 3.9 117.7 3.8 115.7 3.8 117.4
Equivalent CO2 emission (eCO2,eq), kg/s – kgCO2/tclk 0.8 24.5 1.0 31.1 1.3 41.1
SPECCA, MJLHV/kgCO2 3.60 3.49 3.59
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