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Abstract

Enzyme catalysts have the potential to improve both the process economics and the environ-
mental profile of many oxidation reactions especially in the fine- and specialty-chemical
industry, due to their exquisite ability to perform stereo-, regio- and chemo-selective oxida-
tions at ambient temperature and pressure. A significant number of enzymes carrying out
redox reactions (oxidoreductases) requiring molecular oxygen as an electron acceptor —
those termed oxidases, monooxygenases and dioxygenases. These enzymes catalyze a range
of industrially relevant reactions, such as oxidation of alcohols to aldehydes and ketones,
oxyfunctionalization of C-H bonds, and epoxidation of C-C double bonds.

Although oxygen dependent biocatalysis offers many possibilities, there are numerous chal-
lenges to be overcome before an enzyme can be implemented in an industrial process. These
challenges requires the combined effort of protein engineering (i.e. modification of the
amino acids sequence to improve activity, stability and selectivity) and reaction engineering
(i.e. modification of reaction conditions to increase the yield and productivity) to be solved.
The most important reaction engineering challenge is the requirement for oxygen, because
the transfer of oxygen from the gas-phase (typically air) to the aqueous phase, where the
reaction takes place, is notoriously slow due to the low aqueous solubility of oxygen at am-
bient conditions. Therefore, vigorous agitation and aeration is required to create a large in-
terfacial area for mass transfer, which is not only expensive but also sets a limit to the max-
imum productivity of the reactor. The oxygen transfer problem is further complicated by
gas-liquid interface induced enzyme deactivation, large dependency of the catalytic rate on
the oxygen concentration in solution and stripping of volatile organic compounds from the
reaction mixture.

In this thesis, the supply of oxygen and the implications on the biocatalyst performance are
studied. The important kinetics of the reaction between enzyme and oxygen are described in
detail. In fact, it is found that most enzymes operate far below their potential maximum
catalytic rate at industrially relevant oxygen concentrations. Detailed knowledge of the en-
zyme kinetics are therefore required in order to determine the best operating conditions and
design oxygen supply to minimize processing costs. This is enabled by the development of
the tube-in-tube reactor (TiTR) setup, capable of performing fully automated kinetic char-
acterization of oxygen dependent enzymes - at oxygen concentrations allowing full satura-
tion of the enzyme. The development of the TiTR enables us to characterize a range of en-
zyme variants developed through protein engineering. This not only exemplifies the im-
portance of knowing the full enzyme kinetics when choosing an enzyme variant for further
development, but also that it is in fact possible to change the oxygen reactivity of an enzyme
through substitution of amino acid residues.






Resume

Enzymers evne til at katalysere bl.a. oxidationsreaktioner med en uovertruffen regio- stereo-
og kemisk selektivitet ved lave temperaturer og tryk, ger dem i stand til potentielt at forbedre
bade skonomien og miljgprofilen for kemiske processer. En stor del af de enzymer der ka-
talyserer redoxreaktioner (oxidoreduktaser) kraever molekylert oxygen som elektronaccep-
tor — disse benavnes oxidaser, monooxygenaser, og dioxygenaser. Disse typer af enzymer
katalyserer en lang reekke reaktioner med stort potentiale i den kemiske industri, eksempelvis
oxidering af alkoholer til aldehyder og ketoner, selektiv hydroxylering, samt epoxidering af
C-C dobbeltbindinger.

Oxygen kraevende biokatalyse rummer mange muligheder, men der er ogsa en raekke udfor-
dringer der skal lgses for et enzym kan implementeres i en industrielproces. For at lgse disse
udfordringer kraeves en kombineret og koordineret indsats, for pa den ene side af modificere
enzymstrukturen sa enzymet bliver mere aktivt, selektivt, og/eller stabilt, og pa den anden
side optimere procesbetingelserne for at opna det maksimale udbytte samt den hgjeste mu-
lige produktivitet. Den vigtigste procestekniske udfordring er at levere oxygen til reaktionen,
da overfarsel af oxygen fra en gasfase (typisk luft) til en vandigfase er notorisk langsom pa
grund af den lave oplgselighed af oxygen i vand ved atmosferiske betingelser. For at over-
fare tilstreekkeligt kreeves derfor kraftig omraring og beluftning for at generere et stort areal
tilgeengeligt for massetransport. Overfgrsel af oxygen er derfor ikke blot dyrt, men setter
ogsa en begransning for den maksimale produktivitet der kan opnas i reaktoren. Problemet
bliver yderligere kompliceret ved at mange enzymer bliver inaktiveret af gas-vaeske green-
seflader, at den katalytiske hastighed typisk er nasten direkte proportional med oxygenkon-
centrationen og at flygtige stoffer nemt strippes ud af reaktionsblandingen.

I denne afhandling bliver tilfarslen af oxygen og dennes indflydelse pa biokatalysatoren og
reaktionen studeret i detaljer. Betydningen af kinetikken for enzymers reaktion med oxygen
har leenge vaeret overset i den videnskabelige litteratur. Dette pa trods af, at de fleste enzymer
ved industrielle oxygenkoncentrationer opererer langt under deres maksimale katalytiske ha-
stighed. Et detaljeret kendskab til enzymets kinetik er derfor nagdvendigt for at bestemme de
bedste reaktionsbetingelser og designe oxygenoverfarsels metoder saledes at produktions-
omkostningerne minimeres. Dette lgses ved udviklingen af rgr-i-rgr reaktoren (TiTR), pree-
senteret i denne afhandling, der gar det muligt at bestemme enzymkinetik fuldt automatiseret
og ved hgje oxygenkoncentrationer sa fuld matning af enzymet forekommer. Udviklingen
af TiTR gar det muligt for os at karakteriserer en raekke varianter af det samme enzym ud-
viklet gennem proteinmodificering. Dette viser betydningen af at kende den fulde enzymki-
netik nar man udvalger den bedste variant, samt at det er muligt at ndre pa oxygenreakti-
viteten gennem a&ndringer i aminosyresekvensen.






Preface

This thesis was prepared at the Process and Systems Engineering Center (PROSYS), De-
partment of Chemical and Biochemical Engineering, Technical University of Denmark in
partial fulfillment of the requirements for a Ph.D. degree in Engineering. The work presented
was performed in the period from April 2014 to July 2017, and was supervised by Professor
John M. Woodley.

The work was partly funded by the Technical University of Denmark and the European Un-
ion’s Seventh Framework Programme for Research and Innovation under Grant Agreement
n° 613849 supporting the project BIOOX. The European Project, and the project meetings
around Europe, has led to many interesting scientific discussions and enabled several col-
laborations. A special thank you goes to Professor Nicholas Turner and Dr. William Bir-
mingham at the University of Manchester, Professor Bernhard Hauer and Sara Hoffmann at
the University of Stuttgart, and Dr. Michael Breuer at BASF SE.

I would like to thank my Supervisor and Mentor John for giving me the opportunity to work
in a field of research I truly love and for his constant support and valuable input. In addition,
I would like to thank Gustav for your always constructive inputs and being a great co-worker
on BIOOX. Thank you all former and present colleagues at PROSYS for making the long
days at DTU enjoyable. 1 would especially like to thank my office mates through the years
(Rolf, Jason, Francesco, and Leander) and the members of the lunch club (Christian, Saren,
Mafalda, Ricardo, Morten, Franz, and Ulrich), it has been a true pleasure.

Last, but not least, | am grateful to my girlfriend Signe and our son Lauge for their support
and encouragements. Without you, | would never have succeeded.

Kgs. Lyngby, July 121, 2017

Asbjarn Toftgaard Pedersen






Contents

ABSTRACT |
RESUME i
PREFACE \Y
CONTENTS VII

NOMENCLATURE ...t e e ree e e nnee e X1
CHAPTER 1 INTRODUCTION ...cctiiiiii ettt e s e e nnrne e 1
1.1 BACKGROUND ....uoiiiitiiiiiiieectiee et e s itte st e e st e s te e e srte e e snte e s saeeeesaeeanseeesnnaeesnnaeesnneeans 1
1.2 OXYGEN DEPENDENT BIOCATALYSIS . .uutiiiieeiiieeeeeitteeeeseitteeeessiteeeessateeeessnnnneeesennens 3
1.2.1  Studied ENZYME SYSLEMS ....ccuviiiieiieiesiee ettt et sieene s 6
1.3 010 =SSP SRRRRRP 7
14 THESIS OUTLINE oeeiiieeeiieittiieeee e e e e e s s eittrtee e e e e e e s s ssntbaeeeeeeeessantasaaeseaeesssasnnsrnnseeeaeessanns 7
1.5 SCIENTIFIC PUBLICATIONS ..eeettteeitteeeiteeessteeessseesssseesseeesnssessnseessnseessssesesssesssssessnnns 8
1.5.1 Publications included iNtheSIS .........cceiiiiiiiiiiecc e 8
1.5.2  Other PUBLICALIONS ......cc.veiiieieiiecc ettt sneene s 8
1.6 = =Y N o =S 10
CHAPTER 2 REACTION ENGINEERING ASPECTS OF OXYGEN
DEPENDENT BIOCATALYSIS ... 15
2.1 N R 210] 510 Lo 1 0] N SRR 15
2.2 BIOCATALY ST FORMAT ...ttt ee e e e s e ettttee et e e e e s e sttt e e e e e e e e e s s satbba e e e e e e e e s senntbaneeaeans 15
2.3 BIOCATALYTIC PROCESS METRICS ...vvveiivieeiiiieeiteeestieeestneeesseeesnseeesneeesnnneesnseessnneas 16
2.4 THERMODYNAMIC EQUILIBRIUM ....ceciiiieiiieesitieesreeesreessteeessseeesnsnessnneeesnneessnneeans 17
2.5 OXYGEN SUPPLY ...uttteitieeeitteeestteeestteeasteeessteeessseeesseesaseeesnseeesnseeesnneeesnsesessneesnseneans 19
2.6 STABILITY ttteitit ettt e stee e ete e e sttt e e st e e e st e e et e e e aseeeaaeeeaseeeasbeeesaseeesnseeesneeeesnneeeaneeeans 21
2.7 STRIPPING OF VOLATILE COMPOUNDS.....cccciittiiieeiittieeeestreeeessireeeessseneeessssnssesssens 26
2.8 VWHOLE-CELL PROCESSES ...uutttttiiiieeetiiiititeeeeeeesssasstsseseesessssssssssssssessesssnssssssssesees 29
2.9 CONCLUDING REMARKS.......uutiiiiiitiiieeeiitieeeessiteeeeesisteeesassaeesssssseseessssseeesassessesssens 30
2.10  REFERENCES.....ciiiiiittiie e ettt e e e ettt e e e stae e e e s sttee e e e sbbeeeesastaeeeeasaeeeessabeseeesasteneesansaneens 32
CHAPTER3 A TECHNO-ECONOMIC COMPARISON OF OXYGEN SUPPLY
METHODS FOR OXIDATIVE BIOCATALYSIS........ccooeevveee. 41
3.1 F AN =S 1 27X SRS 41
3.2 [N 270] 0¥ o 1[0 ] P 42
3.2.1  Technology OPLIONS ......ccviiieiieeee e 43
3.3 RESULTS AND DISCUSSION .......uutttiiiieeeeeeiiinrireeeeeeeesssssnsssesessesssssssssssesessessssnsnssens 48
3.3.1 Bubble aeration of stirred reactor..........cccoveevviiiiiiie e 48
3.3.2  MeMDBrane @BratioN .........ccueiicuieeiiiie ettt et eare e 49

3.3.3 Hydrogen peroxide deCOMPOSITION........ccoueiieriiieiieieeie e 50



viii Contents

3.3.4  ECONOMIC COMPAIISON ...vviiieniiaiiesieesiesiie it e e siee st ee e sbeeae s e sbeeneesneesbeeneesreas 50
3.4 (0f0] N [of HU 5] (o] N TSP U R PP TSR OPRTPTN 53
3.5 IMIETHODS ...ttt etttk e ekt e b e e e bn e e s bn e e s neeeanes 54

3.5.1  BaSIC ASSUMPLIONS ....eeuviiiieiiieiieiiesiee ettt ettt sttt sre et ee b e sbeeneesreas 54

3.5.2  Capital and Operating EXPENSES .......evveerrereeriereeseerieaeeseesteseesreesseseesseessesses 55

3.5.3  SeNSIIVILY ANAIYSIS....ccviiieiieiicie e 55
3.6 REFERENCES ...oitiiuiiuieie ittt sttt ettt bbbttt ettt bbbttt 57

CHAPTER 4 THE MICHAELIS CONSTANT FOR OXYGEN: A PERSPECTIVE
ON THE IMPORTANCE FOR OXYGEN DEPENDENT

BIOCATALYSIS ..ot 63

4.1 A B STRACT 1ttt e e ettt e e sttt e e sttt e e e e bbb e e e e et b e e e e e s b e e e e e e bbb et e e e bbb e e e e nb b e e e e e nba e e e e nnares 63
4.2 INTRODUCTION ...t tttttte sttt e e s sittee e s sttt e s s sstbe e e s s ssbb e e e s asbb e e e e s bbb e e e s abbaeeesnsbbeaeesnntneeeans 64
4.3 MICRO- AND MACRO-KINETIC CONSTANTS ...cuvtitiriertiriesieaeeieseestesiestesiesseeseeeenens 64
4.4  TYPICAL OXYGEN REACTIVITY OF ENZYMES ...octiitiitiiiiniieieiesiesiesiesiesiesseeseeeeneens 67
4.5 IMPORTANCE OF Kmo FOR BIOCATALYTIC OXIDATION PROCESSES ......ccvvvierieninne 70
4.5.1 Industrial application of enzymes with high Michaelis constants for oxygen 72
4.6 IMPROVING OXYGEN REACTIVITY USING PROTEIN ENGINEERING .......ccvvvveeiiiinnennns 74
4.7 CONCLUDING REMARKS AND FUTURE PERSPECTIVES ....cciiuvieiiieeiiireesineessineesssneens 75
4.8 IMIETHODS ..ttt ettt ettt ettt et et e ettt e e e e st e e e et e e e e enbb e e e e e nnbb e e e e annneeas 76
4.8.1 Mining of the BRENDA database. ..........cccceririiiieniiiie e 76
4.8.2 Optimal oxygen concentration and costing of oxygen supply and enzyme.... 76
4.9 REFERENCES ....oottittitiitieie et sttt sttt ettt bbbttt e sttt nbesb et be st ene e e e 77

CHAPTERS AUTOMATED DETERMINATION OF OXYGEN-DEPENDENT
ENZYME KINETICS IN A TUBE-IN-TUBE FLOW REACTOR..83

oI R N =Y 1 7\ o OSSOSO 83
5.2 N R 10] 510 o 1 0] N U 84
5.3 DESCRIPTION OF APPARATUS....uttittiieeeiiiiittteeeeeeessssisnrtseeesaesssssnnssssessassssssssssseees 85
5.3.1  TUDE-IN-TUDE FEACTON ... .veiiiiec ittt eare e ree e 86
5.3.2  Substrate and product qUaNtIfICAtION ..........cccoeeeiierieiie e 88
5.3.3 Time-series data from a tubular reactor ............cccccveiveeiie v 89
5.4 RESULT AND DISCUSSION ..ccuviieiuiieesieeestieeesteeessseeessssessseeesseesssssssssnesssssessnssesanns 91
5.4.1 REACION VOIUME ...oviiiiiiie ettt ettt re e s e beesane s 92
5.4.2  CaliDration.......cocoiiiiiiiie e 92
5.4.3 Validation of flow ramp Method ............coceiiiiiiieiiie e 93
5.4.4 Mass transfer [IMIitationS .........ccccooiieiiiiei i 94
5.45 Glucose 0XIAaSe KINELICS .......cccvieiiiiieiiieeiitee ettt etve e eree e eaae e s rae e 94
55 POSSIBILITIES AND FUTURE DEVELOPMENTS ..tvviiiieeeiiiiitiiriieeeeeeessssnnnneseseesssennnenns 96
5.6 (@] N[0 I U ] Lo N S RSPROPRSTI 97
5.7 EXPERIMENTAL SECTION ...eeiiutiieiieeesieeestteeestteessseesssseeessneesnseeessnsesssnesssssessnssesanns 98

LA V- | (= -1 TSRS 98



Contents iX

5.7.2  EXPErimental SELUP .......ooiiiiiieiiiie et 98
5.7.3  PrOTOCOL.. ..ottt 100
5.8 REFERENCES ... uttiiiiititeeiitities s sttt e e st e e s s sbe e s s assbe e e s s ssbb e e e s sbbe e e e s asbbee e e asbseeeennsees 101
CHAPTER 6 PROCESS REQUIREMENTS OF GALACTOSE OXIDASE
CATALYZED OXIDATION OF ALCOHOLS.........ccoeiiiiiie 105
0.1  ABSTRACT .ottt itieite ettt ettt ettt b bbbt bt e bbbt b bt n e ns 105
6.2 INTRODUCTION ..ttt ettt ettt ettt ettt e s 106
6.3  RESULTS AND DISCUSSION .....coitiiiiiiiisiieitieie sttt ettt 108
6.3.1  PUNTIEd ENZYME .ot 108
6.3.2  Cell-Tree eXIraCl......coooiiiiie e 111
6.4 PROCESS IMPLICATIONS .....tvtttiiuttiteessstteeesssssseeessssseessssssseessssssessssssseesssssssesssssnns 116
6.4.1 Requirements fOr adaditiVES.........cccoriiiieiiiii i 116
6.4.2  OXYQEN rEQUITEMENTS.....eeieiieiieeiteeiesee e seesreesae s e sreestesee e e tesraesraeeeeneenns 117
6.4.3  Biocatalyst StADIILY .........cccveieiieiicie e 119
6.5 CONCLUSION ....oitietiitieiteesti ettt sttt ettt b et nbe e nnis 119
6.6  EXPERIMENTAL SECTION ..cutiiuiiitieiieirenieesteaseesseesteessesseesieesse e e s ene e sneesesnnennas 121
B.6.1  IMALEIIAlS .....oeiiiiiie e e 121
6.6.2  PUNTIE BNZYME....ciiiiiiiee e 121
6.6.3  Cell-Tree eXIraCl.......ocoiiiiii e 122
6.7 REFERENCES.....uttiiiittitee ittt e s sttt e e s sttea e s sttt e e s asbbe e e e s ssbbe e e s sbbe e e e s anbbe e e e asbneaeennsees 124
CHAPTER 7 KINETIC CHARACTERIZATION OF GALACTOSE OXIDASE
VARIANTS s 129
7.1 INTRODUCTION ..ttt ettt ettt ettt ettt e s 129
7.2 RESULTS AND DISCUSSION ......viitiitiairesieesteassesieessesssesseesseessesieessesssesssesseensessnesees 130
7.2.1 Enzyme variants iNVeStigated ..........ccecveivieiiiece e 130
7.2.2  Stability of galactose OXIJASE ........ccverieiirieiieese s 131
7.2.3 Kinetic parameters for galactose oxidase variants ...........cccoccevcervenieerenennen 132
7.2.4 Best variant under industrial conditions...........cccoverieiinin i 134
7.3 CONCLUSION AND FUTURE PERSPECTIVES ...ccvvieiiieeiieeesieeesieesssseessnnnesssseessnnnas 135
7.4 EXPERIMENTAL SECTION ..cuttiuiiitieieestenieesteassesteestesssesseesseessesseessesssesssesseennessnennes 136
S Y 1 T4 -SSR 136
7.4.2  TUDE-IN-TUDE FEACION ......eeeee e 136
7.4.3  Kinetic CharaCterization ............ceoveieiieiiie e 136
7.4.4  Galactose 0Xidase StabIItY ........ccccooieiieiiiii s 137
7.5 REFERENCES.....uttiiiittitee ittt e s sttt e e s sttea e s sttt e e s asbbe e e e s ssbbe e e s sbbe e e e s anbbe e e e asbneaeennsees 138
CHAPTER 8 GENERAL DISCUSSION .....ccoiiiiiiiiieitsie e 141
8.1 DEVELOPMENT OF OXYGEN DEPENDENT ENZYME PROCESSES.......ccvvveiiiivrerennnnnns 141
8.1.1 ENZYME StabIlItY ....cveieeeieeece e 142
8.1.2 Kinetic characterization of oxygen dependent eNZymes ...........ccccevvvervvennenn 143

8.1.3  OXYUEN SUPPIY oottt 144



X Contents

8.2 IMPROVING THE OXYGEN REACTIVITY OF ENZYMES THROUGH PROTEIN

ENGINEERING ...ttttuttetuteetntetsteesussstsessasessasesssssssssssses s eesnsessnsessssstreesnseesnressnresnnsesnns 145
8.3 THE APPLICATION OF GALACTOSE OXIDASE AS AN INDUSTRIAL BIOCATALYST... 146
8.4 = = =T =1 N[0 =5 148
CHAPTER 9  CONCLUSIONS. ...ttt ettt e e s e s s e e eeeeeenns 151
CHAPTER 10 FUTURE PERSPECTIVES ...ttt eanneenns 155
10.1 PROTEIN ENGINEERING CHALLENGES .....cvttuiiiieeiieestrsiiiniseesseessssinnssesssssesssnnn 155
10.2  OXYGEN SUPPLY METHODS .ovvttttuutiiieerteesttsiinsssessteesssssnssseesssssssssesssssessm 155
10.3 APPLICATION OF A TUBE-IN-TUBE REACTOR FOR INDUSTRIAL SCALE SYNTHESIS 156
10.4 OXYGEN DEPENDENT BIOCATALYSIS IN ALTERNATIVE MEDIA......oiieeeeeeeeeiiaenns 157
L10O.5  REFERENCES .. .oiiitettttee e e e eeeeeeeeee e e e e e et eee e s seeeeseeeasasasseeeareeasssaasseeseeeennnnnaneas 159
APPENDIX A SUPPORTING INFORMATION FOR CHAPTER 3.....oevvvee. 161

APPENDIX B INCLUDED PUBLICATIONS........ccoiii 191









Nomenclature

Roman letters

Bo
Ci
Cisat

kcat/ Kwm
Kd
Keg
Ki
kLa
Km
Ku
Kvie
Mw
n
OTR
P
psat

PIV

q
r

Bodenstein number

concentration

concentration at saturation

diameter

diffusion coefficient

Taylor’s dispersion coefficient
standard electrode potential
electromotive force

Farrydays’ constant

Henry’s constant

ionic strength

rate constant

bimolecular rate constant or specificity constant
deactivation rate constant
equilibrium constant

inhibition constant

volumetric mass transfer coefficient
Michaelis constant

protein unfolding equilibrium constant
vapor-liquid equilibrium constant
molecular weight

number of electrons

oxygen transfer rate

pressure

partial pressure at saturation

power input per reactor volume
volumetric flow rate

reaction rate

ideal gas constant

time

temperature

protein half-life

boiling point

protein melting temperature
linear velocity

volume

mol L1 s
Pa m® mol
1 K—l

S3IXX X



Xiv Nomenclature
Vs superficial gas velocity ms?
vvm volume gas per volume reactor per minute mint
X liquid phase mol fraction -
y gas phase mol fraction -
Yx,atp yield coefficient of biomass from ATP -

Greek letters

a
p

AGt
AGy
AGy

TNenz
A

u
2%
T

Abbreviations
ABE
ABTS
ATP
Atm

B12
BCA
CAPEX
CFE
CRISPR
DFF
DO
DNA
EC
FFCA
GlyGly
GOase
GOx
HMF
HRP

IR

ISPR
MOPS

slope of linear ramp -
geometry parameter -

Gibbs free energy of formation J mol*?
Gibbs free energy of reaction J mol*?
Gibbs free energy of protein unfolding J mol*?
enzyme utilization efficiency -
wavelength nm
viscosity Pas
stoichiometric number of reactants -
residence time S

acetone-butanol-ethanol
2,2’-azino-bis(3-ethylbenzothiazoline-6-sulfonic acid)
adenosine triphosphate

atmospheric pressure

vitamin B1»

bicinchoninic acid assay

capital expenditures

cell-free extract

clustered regularly interspaced short palindromic repeats
2,5-diformylfuran

dissolved oxygen

deoxyribonucleic acid

enzyme commission number
5-formyl-2-carboxylic acid

diglycine

galactose oxidase

glucose oxidase
5-hydroxymethylfurfural

horseradish peroxidase

infrared

in situ product removal
3-(N-morpholino)propanesulfonic acid



Nomenclature

XV

NADH
NaPi
NEM
OPEX
PCR
PDMS
PLS
PTFE
PTMSP
SDS
S.I.
TiTR
UV/Vis

nicotinamide adenine dinucleotide
sodium phosphate
N-ethylmorpholine

operating expenditures
polymerase chain reaction
polydimethylsilxoane

partial least square
polytetrafluoroethylene
poly(1-trimethylsilyl-1-propyne)
sodium dodecyl sulfate
supporting information
tube-in-tube reactor
ultraviolet/visible light






Chapter 1

Introduction

1.1 Background

The application of enzymes for catalyzing synthetically useful chemical reactions can po-
tentially lead to reductions in energy consumption, hazardous waste generation, required
reaction steps, as well as improvements in reaction yields and process economics. These
advantages are realizable due to the exquisite regio-, stereo-, and chemoselectivity obtaina-
ble with a carefully selected or engineered enzyme catalyst and the possibility to obtain high
catalytic rates even at ambient temperature and atmospheric pressure [1]. This has led to
significant public and private investments in the development and implementation of bio-
catalysis for chemical synthesis.

Therefore, the field of biocatalysis is in continual development. Novel enzymes, and the
reactions they catalyze, are constantly being identified in Nature, and through the application
of protein engineering and directed evolution the activity, stability and selectivity is im-
proved and changed to fit the conditions experienced in industrial chemistry, which typically
are far from those experienced in natural environments [2,3]. The possibilities and develop-
ment times are constantly improving, facilitated by the ever decreasing cost of DNA synthe-
sis, novel genetic tools (e.g. CRISPR/Cas9), high-throughput screening methods, computa-
tional enzyme design, and expanding knowledge of structure-function relationship of en-
zymes. Today, it is even possible to engineer enzymes to catalyze reactions never experi-
enced in nature [4], such as the recent examples of carbon-silicon bond formation using an
engineered variant of cytochrome c¢ (Figure 1.1A) and the construction of artificial metallo-
enzymes for e.g. cyclopropanation (Figure 1.1B). However, there are also vast possibilities
for identifying novel enzymes in nature, such as the recent examples of a reductive aminase
(Figure 1.1C) and an acyltranferase catalyzing the well known Friedel-Craft acylation (Fig-
ure 1.1D) (well known in conventional organic chemistry).

Despite the fact that biocatalysis has been applied in various forms for several decades and
seem to offer endless possibilities, it is still not yet a standard tool for most organic and
industrial chemists. This is most likely due to the substantial effort still required to find,
develop, and/or engineer an enzyme to the extent that makes its use in an organic synthesis
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meaningful and competitive. However, in recent years specialty enzyme producers have tried
to change this by making large screening kits available at a low cost, thus enabling fast iden-
tification of a suitable enzyme for a given chemical transformation to avoid extensive protein
and reaction engineering at a very early stage [9].

A B COOEt
0] (0] o} -
H H
!, R2 cyt ¢ variant Rz\l)J\ 3 S + Hk Ir(Me)-PIX 5
R1S|\‘--. == \’-HI\OR:} —_— : OR | OEt %
N R S'\_ N2
C D
OH
o _R® 0 1 O OH
- J_L R2 + HyN .R? RedAm HN R—: : + R‘J\)J\O ATase R n
R1 R2 v
OH R2 OH

Figure 1.1. Recent examples of novel enzyme catalyzed reactions developed through protein engineering, insertion
of a non-natural co-factor, or discovered in nature. A. Carbon-silicon bond formation not known to nature catalyzed
by a cytochrome c (cyt ¢) variant [5]. B. Cyclopropanation using myoglobin containing a non-natural iridium methyl
phorphyrin IX (Ir(Me)-P1X) cofactor[6]. C. Newly discovered reductive aminase (RedAm) catalyzing the synthesis
of chiral amines [7]. D. Recently reported acyltransferase (ATase) catalyzing the Friedel-Crafts acylation of phenols

[8].

Despite the limited adoption by organic chemists, there are several hundred examples of
successfully implemented biocatalytic processes, although most of the success stories are
limited to the pharma- and specialty-chemical industries where the cost of product is one or
two orders of magnitude above those found for the larger volume fine- and bulk-chemicals
[10,11]. Thus, the most prominent examples of industrial application are found in the phar-
maceutical industry, where especially stereoselective reduction of ketones using alcohol de-
hydrogenases and stereoselective amination using transaminase often have been used in
commercial synthesis (Figure 1.2) [9,12]. However, there are also success stories for lower
value, higher volume chemicals, such as the application of nitrile hydratase for the synthesis
of acrylamide from acrylonitrile (Figure 1.2C), the production of biodiesel using lipase
[13,14], and the isomerization of glucose to fructose using xylose isomerase for the produc-
tion of high-fructose corn syrup [15]. Nevertheless, a broader implementation of biocatalysis
for the production of bulk and fine chemicals has still not happened, despite many promises
made by academics and companies developing enzymes. On the one hand, biocatalysis will
never, and should never, completely replace homogenous and heterogeneous catalysis in the
chemical industry, as there are many areas where traditional chemistry excel with high yields
and productivities. On the other hand, as the chemical industry transforms towards increased
integration of sustainable feedstocks, enzyme catalysis should obtain a more prominent in-
dustrial position in the endeavors to avoid complete decomposition of biomass (e.g. using
gasification) to fit it into existing value chains, but rather selective modification of the al-
ready present chemical functionalities to fit the needs of consumer products. In either case,
there are still significant efforts to be made to develop biocatalysts and biocatalytic processes
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to fit the requirements of the modern chemical manufacturing in terms of yield, product
concentration, and productivity.
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Figure 1.2. Examples of successfully implemented biocatalytic processes. A. Synthesis of a chiral alcohol interme-
diate in the production of atorvastatin (Lipitor®) developed by Pfizer [16]. B. Synthesis of chiral amine in the last
step of sitagliptin (Januvia®) synthesis developed by Merck/Codexis [17]. C. Bulk-scale (>650 kton/yr) biocatalytic
production of acrylamide using immobilized nitrile hydratase developed by Mitsubishi Rayon.

As academic biochemical engineers our job is to develop novel reaction and process engi-
neering concepts to enable the broader adoption of biocatalysis in the chemical industry.
This includes novel tools for characterizing enzymes, techniques to increase volumetric
productivities, yields, and final product concentrations, and ways of dealing with difficult
substrates and products, such as poorly water-soluble substrates or volatile products. Fur-
thermore, we are required to develop the multitude of novel reactions and enzymes supplied
by protein engineers to a stage and scale where industrial implementation is no longer a far-
fetched dream, but actually realizable within the effort and timeframe possible in an indus-
trial setting.

1.2 Oxygen dependent biocatalysis

Oxidation reactions are a very important chemical transformation in organic chemistry. In
the bulk chemical industry oxidations are often carried out using molecular oxygen as the
electron acceptor in efficient catalytic processes. However, in the synthesis of fine, specialty
and pharma-chemicals the reactions are dominated by non-catalytic reactions requiring stoi-
chiometric amount of oxidants and organic solvents, often halogenated. The reactions are
seldom stereo-, regio-, or chemoselective thus leading to the requirement for multiple pro-
tection and deprotection steps, giving low reaction yields and generating vast amounts of
chemical waste. Implementation of enzymes to perform oxidation reactions therefore repre-
sents a large potential for improving the yields, reducing the waste generation, and avoiding
hazardous chemical transformations in industrial scale oxidation reactions.
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Oxidation reactions are catalyzed by the class of enzymes named oxidoreductases (Enzyme
Class 1). This class of enzymes includes a broad range of enzymes including dehydrogen-
ases, oxidases, oxygenases, peroxidases and peroxygenases. Of those, dehydrogenases cat-
alyze reductions and oxidations using cofactors, such as NADH, as electron donors/accep-
tors, peroxidases and peroxygenases use hydrogen peroxide as the electron acceptor, while
oxidases and oxygenases accept molecular oxygen as the electron acceptor. The work pre-
sented in this thesis focuses on enzymes requiring molecular oxygen as a substrate because
these represent a diverse set of enzymes catalyzing many industrially relevant reactions,
while sharing a range of reaction and process engineering challenges.

Oxygen dependent enzymes catalyze many chemical transformations useful in organic
chemistry, such as the selective oxidation of primary and secondary alcohols to aldehydes
and ketones by alcohol oxidases, the oxidation of amines to imines by amine oxidases, oxy-
functionalization of non-activated C-H bonds by cytochrome P450 monooxygenases, epox-
idation of double bonds by monooxygenases, among others. Figure 1.3 lists a range of ex-
ample reactions catalyzed by oxygen dependent enzymes.
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Figure 1.3. Examples of enzyme catalysed reactions requiring molecular oxygen.

The oxidation of alcohols to aldehydes and ketones represents an important application of
biocatalytic oxidation reactions in particularly for production of flavors and fragrances, as
carbonyl compounds are an essential part of many pleasant scents and tastes. Examples in-
clude benzaldehyde (bitter almond), cinnamaldehyde (cinnamon), octanal (citrus), 2-hep-
tanone (banana), ionones (rose), and vanillin (vanilla) [18,19]. Furthermore, carbonyl com-
pounds may act as pheromones useful to influence insect behavior, or they may be further
functionalized, e.g. using transaminase or aldolase, and thus acts as intermediates in larger
synthetic routes e.g. for pharmaceuticals or in the selective modification of naturally occur-
ring polymers [20-22]. The oxyfunctionalizations possible with mono- and dioxygenases
represent a particularly interesting route to chiral alcohols, especially since hydroxylation of
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non-activated C-H bonds is something today not possible with traditional organic chemistry
without oxidizing many more functional groups than intended. Selective hydroxylation
could open-up for completely new synthetic routes and products, such as a,m-functionalized
fatty acid for the synthesis of novel performance polymers and musk scents [23-25]. En-
zymes selectively oxidizing one stereoisomer (such as alcohol or amine oxidases) are also
often applied in deracemization reactions together with a reducing enzyme or chemical re-
ductant [26].

In general, oxidoreductases are amongst the most widely applied enzymes in industrial
chemistry [27]. However, it is primarily dehydrogenases applied for the stereoselective re-
duction of ketones to chiral secondary alcohols, as previously mentioned [28,29]. Oxygen
dependent enzymes are in general not as widely applied, although there are some examples
such as the application of amino acid oxidase for deracemization of an amino acid in the
synthesis of an antidiabetic, and the oxidation of lactose to lactobionic acid that is used as a
food additive (Figure 1.4). Other examples also exist, however, these are often naturally
occurring microbes, e.g. carrying out a hydroxylation, where the active enzyme(s) is not
necessarily known or applications where the oxidative enzymes, e.g. a cytrochrome P450
monooxygenase, are parts of entire recombinant pathways, such as in the synthesis of the
malaria drug Artemisinin from glucose [30].

A
| >N (R)-amino acid oxidase | ~N (S)-transaminase | ~N
Oz + H0 Hz0; + NH; aspartate oxaloacetate
HoN 0] HoN
O~ OH 0O~ OH O~ OH
+ (S)-amino acid
B

lactose oxidase

0, + H,0 H20,

OH OH

Figure 1.4. Examples of oxygen dependent enzymes applied in industrial scale synthesis. A. Deracemization of ra-
cemic amino acid using (R)-amino acid oxidase applied in the synthesis of an antidiabetic drug by Bristol-Myers
Squibb [31]. B. Oxidation of lactose to lactobionic acid that are used as a food additive [32].

The lacking implementation of oxygen dependent enzymes for industrial chemistry could
well be caused by the unique challenges when developing oxygen dependent enzyme pro-
cesses. The challenges include the ability to supply of oxygen to the reaction without dam-
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aging enzymes unstable in the presence of gas-liquid interfaces or stripping out volatile prod-
ucts, and the low solubility of oxygen in water often causing enzymes to be limited by the
amount of oxygen available. In this thesis, some of the challenges for oxygen dependent
enzymes will be addressed and possible solutions presented.

1.2.1 Studied enzyme systems

The work that has led to the results presented in this thesis has been focused on the applica-
tion of two oxygen dependent enzymes, the carbohydrate oxidases: glucose oxidase and ga-
lactose oxidase. The two enzymes are briefly described below.

Glucose oxidase

Glucose oxidase (EC 1.1.3.4, GOx) is a flavin-dependent oxidase that in Nature catalyzes
the oxidation of glucose to gluconolactone, that spontaneously hydrolyse to gluconic acid,
while reducing molecular oxygen to hydrogen peroxide (Figure 1.5). The synthetic potential
of GOx is limited, although the enzyme is widely used as a technical enzyme in the food
industry and for glucose sensors [33]. Nevertheless, GOx is a very useful enzyme as a model
system in the development of reaction engineering concepts for oxygen dependent enzymes,
because the enzyme is well characterized, reasonably stable, and does not experience product
inhibition due to the spontaneous hydrolysis of the product [34]. However, the production
of acids necessitate pH control via titration or by the addition of buffer.

OH OH
o o OH OH O
Glucose oxidase H,O ;
H H -2 . HO\/'\/\)'L
9‘0 OH 7N fio Spontaneous T Y OH
© 0O  Hy0, OH "0 OH OH
b-D-glucose ‘;’/ D-glucono-1,5-lactone D-gluconic acid
2—"Catalase
H,O

Figure 1.5. The oxidation of glucose to glucono-1,5-lactone by glucose oxidase. The lactone spontaneous hydrolyze
to the acid at neutral and alkaline pH.

Galactose oxidase

Galactose oxidase (EC 1.1.3.9, GOase) is a copper containing oxidase that in nature cata-
lyzes the oxidation of the C6-OH of galactose to the corresponding aldehyde. The two-elec-
tron oxidation by GOase relies on a remarkable tyrosine radical in the active site, which has
been the topic of many scientific publications since its discovery [35,36]. Besides the natural
reaction, GOase can catalyze the oxidation of a range of primary alcohols such as benzyl
alcohol and dihydroxyacetone [35,37]. A recent reported alcohol oxidase, very closely re-
lated to GOase, has expanded the natural substrate scope to various linear aliphatic primary
alcohols, such as 1-hexanol and 1-heptanol, and diols, such as 1,3-propanediol [38]. Further-
more, the substrate specificity of GOase has successfully been changed through protein en-
gineering to accommodate the oxidation of other primary alcohols such as other mono-sac-
charides and aryl alcohols [39-43]. Interestingly, GOase has also been engineered to stere-
oselectively oxidize secondary aryl alcohols, such as 1-phenylethanol, thus allowing its use
in deracemization reactions [42].
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In the work presented in this thesis, GOase is used for the oxidation of two primary alcohols,
benzyl alcohol and 5-hydroxymethylfurfural (HMF) (Figure 1.6). The oxidation of benzyl
alcohol to benzaldehyde is used as a model system for the investigation of the potential re-
action and process engineering challenges experienced when applying GOase as an indus-
trial biocatalyst (Chapter 6). Benzaldehyde in itself has little commercial value, but the re-
action serves the purpose of having many of the challenges experienced by commercially
more relevant reactions. The second reaction, the oxidation of HMF to 2,5-diformylfuran
(DFF) is of commercial interest, as HMF is considered a future biomass-derived platform
chemical and DFF a potential starting material for the synthesis of monomers [44,45]. This
reaction is used for studying the effect of mutations on the reactivity of GOase with oxygen

(Chapter 7).

Benzyl alcohol Galactose oxidase Benzaldehyde
o) 7N } o
OWOH 0, H,0, omo
5-hydroxymethylfurfural ;; Catalase 2,5-diformylfuran
H,O

Figure 1.6. Galactose oxidase catalyzed oxidation of benzyl alcohol and 5-hydroxymethylfurfural to the respective
aldehydes.

1.3 Scope

The overall aim of this research project was to develop and apply reactions engineering prin-
ciples to biocatalytic oxidation reactions in order to advance their implementation, especially
in the fine- and specialty-chemical industries and to demonstrate the potential of biocatalytic
oxidations beyond the test-tube. A large part of this thesis was focused on studying the in-
fluence of the concentration of oxygen in solution on a biocatalytic process. This was studied
both from the perspective of supplying oxygen to the reaction and from the perspective of
the enzyme that in many cases requires a remarkably high concentration to function at the
highest possible catalytic rates. The latter, lead to the endeavor to develop a new method for
measuring enzyme Kinetics of oxygen dependent enzymes as this turned out to be extremely
time and material consuming using existing techniques. Finally, the reaction engineering
challenges of an example biocatalytic oxidation system were studied and addressed.

1.4 Thesis outline
The thesis consists of ten chapters briefly outlines below:

Chapter 1 gives an introduction to industrial biocatalysis in general and oxygen dependent
biocatalysis in particular

Chapter 2 describes the reaction and process engineering challenges specific to oxygen de-
pendent enzyme catalysis.
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Chapter 3 presents a techno-economic comparison of oxygen supply methods relevant to
oxidative biocatalysis

Chapter 4 discusses the importance of the Michaelis constant for oxygen when developing
and optimizing oxygen dependent enzyme processes.

Chapter 5 describes the development and validation of a microfluidic tool enabling fast and
autonomous kinetic characterization of oxygen dependent enzymes. This chapter is based on
Paper 1.

Chapter 6 describes the process challenges involved in galactose oxidase catalyzed oxidation
of alcohols. The chapter focus on the oxidation of benzyl alcohol to benzaldehyde. This
chapter is based on Paper IlI.

Chapter 7 illustrates how the tool can be applied to identify galactose oxidase variants with
increased oxygen reactivity

Chapter 8 provides a general discussion of the most important findings presented in the thesis

Chapter 9 concludes the thesis while Chapter 10 gives directions for future research objec-
tives and developments.

1.5 Scientific publications

1.5.1 Publications included in thesis
The following three accepted scientific publications have resulted from the work conducted
during the Ph.D. studies. Published manuscripts are provided in Appendix A.

Paper I: Ringborg RH*, Toftgaard Pedersen A*, Woodley JM. 2017. Automated determi-
nation of oxygen-dependent enzyme Kinetics in a tube-in-tube flow reactor, ChemCatChem,
Accepted, DOI: 10.1002/cctc.201700811

*These authors contributed equally to this work

Paper II: Toftgaard Pedersen A, de Carvalho TM, Sutherland E, Rehn G, Ashe R, Woodley
JM. 2017. Characterization of a Continuous Agitated Cell Reactor for Oxygen Dependent
Biocatalysis, Biotechnology and Bioengineering 114(6):1222-1230

Paper IlI: Toftgaard Pedersen A, Birmingham WR, Rehn G, Charnock SJ, Turner NJ,
Woodley JM. 2015. Process Requirements of Galactose Oxidase Catalyzed Oxidation of
Alcohols, Organic Process Research and Development 19(11):1580-1589

1.5.2 Other publications
The following accepted scientific publication and conference article have also resulted from
the work performed during the Ph.D. studies, but are not included as part of this thesis.

Rehn G, Toftgaard Pedersen A, Woodley JM. 2016. Application of NAD(P)H oxidase for
cofactor regeneration in dehydrogenase catalyzed oxidations, Journal of Molecular Catalysis
B: Enzymatic 134:331-339
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Toftgaard Pedersen A, Rehn G, Woodley JM. 2015. Oxygen transfer rates and require-
ments in oxidative biocatalysis, Computer Aided Chemical Engineering 37:2111-2116
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Chapter 2

Reaction engineering aspects of oxygen
dependent biocatalysis

2.1 Introduction

A multitude of reaction and process challenges arise when transferring biocatalytic reactions
from the test tube through bench and pilot scale to industrial scale reactors. Typically, these
challenges are very different from those experienced with ‘traditional’ chemistry, because
of the inherent differences, since biocatalysis is conducted at ambient temperatures, at at-
mospheric pressures and at dilute concentrations compared to those typically experienced in
organic chemistry. Therefore, an entire new reaction engineering toolbox is required to de-
velop industrial scale biocatalytic processes, although the physical phenomena governing
the reactions are the same. Scientists have been developing and expanding this toolbox dur-
ing the last 50-60 years and applying it to a range of different reactions with industrial suc-
cess. In the following chapter, the aspects of biocatalytic reaction engineering relevant to
biocatalytic oxidations will be presented and discussed.

Although, some believe protein engineering solves most, if not all, weaknesses of biocatal-
ysis [1], it will never solve inherent thermodynamic limitations of a reaction system, such as
an unfavorable chemical equilibrium, poor solubility of oxygen in water, and evaporation of
volatile compounds. Furthermore, we believe reaction and process engineering can present
solutions that could make further expensive (and slow) protein optimization obsolete once
the enzyme has reached certain thresholds for activity and stability. This includes methods
of removing an inhibitory product or ways of increasing the oxygen concentration in solution
to improve the performance of an oxygen dependent enzyme. All in all, process and protein
engineering go hand-in-hand when developing a biocatalytic process and close interaction
between the two disciplines is required to reduce the development time and cost.

2.2 Biocatalyst format

Enzymes are produced by fermentation of microorganisms overexpressing a gene encoding
for the desired protein, after which the enzymes are purified and formulated to an extent
suitable for the intended application. For synthetic purposes, the three primary biocatalyst
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formats are free, soluble enzymes (or permeabilized whole cells), immobilized enzymes, and
metabolically active whole-cells (either resting or growing). The preferred biocatalyst for-
mat depends on the stability of enzyme, the requirement to co-factors, the ability of sub-
strates to cross the cell membrane, among others [2]. If applying an enzyme that is stable
outside the cell environment that does not require cofactors difficult to regenerate, free en-
zymes (or permeabilized whole cells to save on purification) are preferred. In some cases,
enzymes immobilized on porous carriers, or by cross-linking, will be beneficial, this is es-
pecially relevant for very stable enzymes because this allows easy recycling of the catalyst
[3]. However, there are also downsides such as increased cost and lower specific activity
[4,5]. Whole-cell biocatalysts are primarily applied when free or immobilized are not possi-
ble, most often because of poor enzyme stability outside the cell or because the enzyme
requires a cofactor/co-substrate not easily recycled without the cell machinery, such as ATP
or B12. Although whole-cells are cheaper than free enzyme due to simpler purification, they
add complexity to the process because they require a carbon source (and nitrogen source for
growing whole-cells) from which energy for the cell machinery is produced, and potentially
a range of by-products (mainly organic acids) that can complicate downstream processing.
Thus, in general, whole-cell biocatalysts are cheaper upstream but are more expensive down-
stream and vice versa for free enzymes.

For oxygen dependent biocatalysis, both whole-cells and free enzymes are widely applied.
Whereas, only few examples of immobilized enzymes for synthetic application are reported
in the scientific literature [6-9]. This is mainly because immobilized enzymes adds a third
phase to the air/liquid reaction system of oxygen dependent enzymes, thus further compli-
cating efficient oxygen transfer to the active site. Although whole-cells are widely applied
for oxygen dependent biocatalysis, especially for many mono- and dioxygenases [10,11], it
is not a focus of this thesis. The remainder of the chapter will therefore be focused on free
enzymes. Nevertheless, a section will highlight the main differences when working with
whole-cell systems.

2.3 Biocatalytic process metrics

In early stage bioprocess development, it is often advantageous to have a set of key process
metrics and target values to evaluate the feasibility of industrial implementation [12-14].
Although useful, these target values should be applied with care, if a detailed economic as-
sessment of the process has not been performed, because the values will change significantly
from reaction to reaction, from product to product, and from enzyme to enzyme. Table 2.1
gives an overview of typical metrics for a process employing a free enzyme and one em-
ploying a whole-cell system. The two sets of metrics are based on a reaction in a fine chem-
ical process. The requirements to the biocatalyst yield of a whole-cell process is lower pri-
marily because whole-cells are cheaper to produce on a basis of biocatalyst weight. The
difference between the numbers stemming from the protein expression level, for which
12.5% (w/w) of the total dry cell weight is reasonable for an optimized expression system
[5,13]. Furthermore, the values for the whole-cell system is taken for a cytochrome P450
process, which typically performs chemistry very difficult to do using existing methods, and
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thus the reaction represent a greater value because many synthetic steps can be circumvented
by applying the enzyme catalyzed reaction. In any case, the values help to put discussions
of process performance into perspective.

Table 2.1. Target process metrics for a typical free enzyme and whole-cell system for the production of a fine chem-
ical.

Metric Free enzyme system?® Whole-cell system®
Volumetric productivity [goroduct L h™]  20-40 2

Product concentration [gproduct L™] 100-200° 20°

Biocatalyst yield [gproduct (gbiocatalyst)_l] 10%-10° 10

Reaction yield [mol mol™] >90% >90%

a Adapted from [14], values are based on crude enzyme. ® Adapted from [13] for a cytochrome P450 process. ¢ The
difference is not representative for all free and whole-cell processes, as the whole-cell process used here represent a
particularly difficult and valuable transformation. For a directly comparable reaction, the required product concentra-
tion would be the same, as it determines the downstream processing costs.

2.4 Thermodynamic equilibrium

An unfavorable thermodynamic equilibrium is a problem often encountered in chemical syn-
thesis in general, and also in many industrially relevant biocatalytic transformations, e.g. the
transamination between an amine and a carbonyl catalyzed by transaminase [15]. The equi-
librium of a reaction is determined by the thermodynamic properties of the reaction species
and the reaction conditions. Therefore, process constraints caused by reaction equilibrium
cannot be solved using protein engineering, but have to be alleviated using process and re-
action engineering tools. This could be shifting an unfavorable equilibrium by removing a
reaction product using in situ product removal [16,17].

For redox reactions, the reaction equilibrium is most easily accessed by considering the re-
duction potential of the individual half reactions, as the feasibility of a reaction comprising
two half reactions easily can be calculated. The reduction potentials, and the Gibbs free en-
ergies, are for biochemical reactions often calculated at ‘standard biological conditions’
meaning that all reactants are at standard conditions ([reactants] = 1 M, T = 298 K) except
for the pH which is at 7 ([H*] = 107). Also, in biochemical thermodynamics reactants that
are present in different ionic forms are considered one species, e.g. phosphate which will be
a mix of ionic species depending of pH. These facts are very important when obtaining and
comparing thermodynamic data from different tables [18]. The standard electrode potential
and its relation to the Gibbs free energy of formation is given by Eqg. 2.1:

— YV AGH Eq.2.1
B nF
Where v; is the stoichiometric numbers of reactants, F is the Faraday constant (96485 C mol
1y, and n is the number of electrons involved in the half-reaction.

E'®

Based on the reduction potential of the half reactions the electromotive force, emf, can be
calculated (Eq. 2.2). The emf is a direct measure of the ability of a reaction to happen (at
standard conditions), if it is positive the forward reaction will be favorable, and vice versa.



18 Reaction engineering aspects of oxygen dependent biocatalysis

The Gibbs free energy of reaction can be calculated from the emf using Nernst equation (Eqg.
2.3), from which the apparent equilibrium constant (K¢,) follows (Eq. 2.4):

emf = E° — E Eq. 2.2
—AG;® = nF emf Eqg. 2.3
AG}. = AG)° + RTIn(Kz,) = 0 Eq. 2.4

Where E;° and E; refers to the “forward” and ‘backwards’ reduction reactions, ‘backwards’
reaction referring to the half reaction for the substrate being oxidized. R is the ideal gas
constant and T is the temperature.

Table 2.2 gives an overview of the reduction potentials of various half-reactions relevant to
oxidative biocatalysis. In general, aldehydes display negative reduction potentials and there-
fore the corresponding alcohols readily undergoes oxidation (from a thermodynamic per-
spective). In cases where the reduction potential is close to zero or positive, the large reduc-
tion potentials of oxygen reduction to hydrogen peroxide or water drives the reaction.

Table 2.2. Reduction potentials of various relevant redox reactions. The reduction potentials were calculated from
AG!? for the individual half reactions.

Reductive half-reaction E’%vs. NHE, pH 7,25 Reference
°’C,I=0 M

Reduction of oxygen

02 +2e + 2H" 5> H20, +281 mV [19]

O, + 4e + 4H" > 2 H,0 +815 mV [19]

Reduction of aldehydes and ketones

Acetaldehyde + 2e” + 2H* > ethanol -193 mV [20]
Acetone + 2e + 2H" - 2-propanol -282 mV [20]
Butanal + 2e” + 2H* - 1-butanol -197 mV [20]
Benzaldehyde + 2e” + 2H* - Benzyl alcohol -218 mV [21] Estimated
Dihydroxyacetone + 2e- + 2H+ - glycerol -180 mV [20]
Glucono-1,5-lactone + 2e” + 2H" - glucose  -363 mV [20]
Xylulose + 2e” + 2H" - xylose +22.5 mV [20]

Reduction of alcohols
Methanol + 2e” + 2H* - methane + H,0O +84.5 mV [20]

Reduction of co-factors
NAD* + 2e" + H"=> NADH -324 mV [20]
NADP* + 2e  + H" - NADPH -342 mV [20]
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From the reduction potentials, it is clear that oxidation reactions using oxygen as electron
acceptor is very favorable. As an example, the emf for the oxidation of glucose to glucono-
1,5-lactone (catalyzed by glucose oxidase) is 644 mV, corresponding to an apparent equilib-
rium constant of 5.8-10%%. In other words, the oxidation will in practice be unidirectional.

Monooxygenase reactions that besides oxygen also requires reduced co-factor, typically in
the form of NAD(P)H, is an interesting case because the total reaction in principal can be
divided into three half reactions (in reality it is more likely two half reactions, each a mix of
the three stated below [22]). An example is the oxidation of methane to methanol by methane
monooxygenase, which constitutes of the following three half-reactions. Despite the positive
potential of the methanol reduction, there are plenty of free energy released in the reduction
of oxygen and oxidation of NADPH to drive the reaction:

CHs + H20 - CH3OH + 2e” + 2H*

NADPH - NADP* + H* + 2¢

Oz + 4H" + 4e” > 2H0

CHs + NADPH + Oz + H+ - CH3OH + NADP* + H20 emf = 944 mV

It is clear from the above analysis that the equilibrium of oxygen dependent oxidation reac-
tions are not an issue requiring attention when developing processes, the equilibrium will be
fully displaced towards the products. However, this does not mean that the reactions proceed
instantaneously. The high activation energy barrier of especially the first electron transfer to
oxygen means that very efficient catalysts are required for the reactions to happen at indus-
trially relevant rates.

2.5 Oxygen supply

Oxygen supply is perhaps the most important reaction engineering challenge for oxygen
dependent biocatalysis, because the transfer of oxygen from air (or pure oxygen) to an aque-
ous solution is notoriously slow. This means that the rate of oxygen dependent biotechno-
logical reactions (e.g. aerobic fermentations) typically is limited by the oxygen transfer rate
that can be obtained in the aerated stirred tank reactor, where the reactions most often take
place [23].

Transfer of oxygen from an air bubble to a liquid solution is typically described by the Whit-
man two-film theory (Figure 2.1), which assumes a stagnant layer on both the gas and liquid
side where diffusion governs the transport of oxygen. The diffusion of oxygen through the
gas phase is fast (and the thickness of the stagnant layer negligible), thus the diffusion
through the stagnant liquid layers governs the transport. The driving force for oxygen trans-
fer is therefore taken as the difference between the concentration at the gas-liquid interface
(the oxygen saturation concentration) and the bulk concentration of oxygen. The reason for
the slow oxygen transfer is therefore found in the low solubility of oxygen in aqueous media
(267 uM in water using air, 25 °C, atm.) and thus a low driving force for oxygen transfer.
The oxygen transfer rate (OTR) is determined by the mass transfer coefficient through the
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liquid film, the area available to mass transfer and the driving force for oxygen transfer (Eq.
2.5).
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Figure 2.1. Transfer of oxygen from a gas bubble to the bulk liquid where it is consumed by reaction. ke and ki
refers to the mass transfer coefficient in the gas and liquid film, respectively. The primary resistance to oxygen
transfer will be in the liquid film layer.

The turbulent flow and constant bubble breakup and coalescence in an aerated stirred tank
makes determination of the interfacial area difficult if not impossible. Thus, the mass transfer
coefficient and the interfacial area is combined into one empirical constant, the volumetric
mass transfer coefficient, kLa. kia is a complex function of energy dissipated to the medium,
gas hold up, and medium rheology. Typically, empirical power-law correlations are em-
ployed to correlate ki a with the power input per unit volume (P/V), the superficial gas ve-
locity (vs) and the liquid viscosity (p) [23].

OTR = kya(P/V ,vs, 1) (C5%* — Co,) Eq. 2.5

The oxygen transfer rate in an agitated reactor is limited by the amount of agitation power
and air possible to supply to the reactor within the mechanical limits of the equipment. At
large scale (> 100 m®) the maximum obtainable kia is around 500 h™ [24,25], however, this
values is very dependent on the media rheology. Very viscous reactions, e.g. at the end of a
filamentous fungi fermentations typically have much lower ka values [26]. A kra of 500 h-
! corresponds to maximum oxygen transfer rate of 100 mmol L h"* assuming operation at a
driving force corresponding to 80% of air saturation. For the production of a small organic
molecule (Mw = 100 g mol™), this is equivalent to a maximum volumetric productivity of 20
g L't h't assuming a reaction catalyzed by an oxidase producing two mol of product per mol
of oxygen consumed. Thus, the oxygen transfer equipment has to be pushed to its limits in
order for an oxidase catalyzed process to reach the typical productivity requirements.
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The difficulties involved in transferring oxygen from air to an aqueous solution result in a
substantial energy consumption for compression of air and for the vigorous agitation re-
quired. Thus the cost of oxygen transfer might add substantially to the final production cost,
depending on the value of the product [27]. The high cost of oxygen transfer has led re-
searchers to investigate alternatives to the bubbled stirred reactor and the bubble column
typically applied for industrial scale oxygen dependent reactions. Furthermore, specifically
for enzymatic processes, the instability of enzymes in presence of gas-liquid interfaces has
encouraged the development of aeration processes where there is no direct contact between
air and the liquid reaction mixture.

For biocatalytic purposes, the potential alternative supply method to the bubble aerated
stirred tank are pressurization of the reactor headspace to increase the driving force, using
enriched air or pure oxygen for sparging, applying membrane aeration, or supplying chemi-
cally bound oxygen in the form of hydrogen peroxide, that is decomposed by catalase in the
reaction medium (Figure 2.2). These supply methods may not only turn out to be cheaper,
but they could also serve to reduce gas-liquid interfacial enzyme deactivation. Additionally,
oxygen supply methods employing higher pressure or reduced aeration rate help to avoid
problems of volatile reaction species, which can be very difficult to recover from the off-
gas. The choice of oxygen supply method is compared in more detail in Chapter 3.

Figure 2.2. Oxygen supply methods available to oxidative biocatalysis. A) Bubble aeration in a stirred tank, B)
membrane aeration where oxygen is delivered through a membrane (could also be placed inside the stirred tank),
C) hydrogen peroxide decomposition by catalase to generate oxygen in situ.

2.6 Stability
Ensuring the biocatalyst stability at process conditions is essential for reaching the volumet-
ric and biocatalyst productivity required for a sustainable process. The activity and specific-
ity of enzymes are dependent on their quaternary and tertiary structure and any mechanism
that leads to disruption or changes in these can cause the enzyme to change and/or lose ac-
tivity and specificity. It is generally recognized, that the loss of protein structure and function
is initiated by unfolding of the protein (denaturation), leaving it more susceptible to chemical
modification or aggregation leading to inactivation. Denaturation can in most cases be con-
sidered as reversible, since the unfolded polypeptide can refold thereby regaining activity

Alr
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when the cause of denaturation is removed. The denaturation is therefore considered as an
equilibrium between the correctly folded active form and the unfolded inactive form. The
position of this equilibrium is influenced by temperature, pH, ionic strength, and denaturing
agents such as urea. Protein denaturation exposes amino acids otherwise buried within the
tertiary structure making these more prone to undergo chemical reaction including proteol-
ysis (thermally or by protease), deamidation, oxidation, racemization, and hydrolysis. Mod-
ifications to the amino acids change the polarity, hydrogen bonding, and/or disulfide bridg-
ing, which makes correct refolding impossible and hence inactivating the enzyme. Further-
more, unfolded proteins readily aggregate, which also results in inactivation and potentially
precipitation of the protein.

Resistance to denaturation is generally referred to as thermodynamic stability due to the
chemical equilibrium between the unfolded and native protein, while resistance to time de-
pendent, irreversible inactivation processes are referred to as kinetic stability (Figure 2.3).
Because many inactivation reactions acts on the unfolded protein, the kinetic stability is de-
pendent on the fraction of protein being in the unfolded state, i.e. the thermodynamic stabil-
ity. The thermodynamic stability can be quantified by measuring the Gibbs free energy of
unfolding for the protein (AG,,) or more commonly the melting temperature of the protein,
Tm, the temperature at which half of the protein is in the unfolded state. The denaturation
process is in reality a combination of multiple unfolding states, but typically, only one melt-
ing temperature can be determined. The Kinetic stability is best described by a deactivation
rate constant, kq, which often is measured as an observed rate constant, i.e. a combination of
multiple intrinsic deactivation reactions and unfolding equilibria (Figure 2.3). Often the in-
activation process follows first order kinetics, thus enabling the calculation of an enzyme

half-life (ts).
N <~—

u

Figure 2.3. Protein denaturation (thermodynamic equilibrium) and inactivation (irreversible). N: Native protein,
U: Unfolded protein, and I: Inactive protein.

From a process engineering perspective both thermodynamic and Kinetic stability are im-
portant when choosing e.g. operating temperature, since neither the unfolded nor the inacti-
vated protein retains any enzyme activity. Nevertheless, the kinetic stability will be the most
important parameter, since this determines the operational stability of the enzyme and hence
directly influences the overall productivity of the process. It is crucial to design a process
that not only maximizes enzyme activity but also stability. To do so numerous factors that
influence the stability of proteins have to be taken into account. Table 2.3 lists the most
important factors and processes that may cause protein denaturation and inactivation. The
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list of influencing factors is long and it will in most cases not be possible to investigate and
control all. However, it is important to consider all factors when investigating enzyme sta-
bility, since the key factor(s) will vary depending on the specific enzyme and overall process.

Table 2.3. Factors and processes influencing protein denaturation. Based on [28-31].

Factor Process

Temperature Denaturation (reversible) that often leads to irreversible aggrega-
tion. Most chemical modifications (e.g. deamidation) increase with
temperature.

pH Protonation/deprotonation of amino acid side-chains. pH affects
chemical reactions such as deamidation.

lonic strength Salts may facilitate aggregation in some cases but in others act sta-
bilizing

Water activity Lowering the water activity shifts the denaturation equilibrium to
the left

Metals Metals catalyze oxidation reactions

Solvent Removal of essential surface bound water molecules leading to de-
naturation

Surfactants Binds to exposed hydrophobic domains leading to denaturation

Oxidants Oxidation of amino acid side-chains (Cys, Met, Trp, His, Tyr)

Chelating agents Removes protein bound metal ions

Interfaces Surface adsorption and interfacial stress resulting in denaturation

Protein  concentra- High concentration increase aggregation upon denaturation
tion
Proteolytic activity ~ Peptide bond breakage

The above mentioned deactivation processes are relevant for all biocatalytic applications
using free enzymes and has been reviewed in detail in several well written scientific publi-
cations [28,32,33]. The obvious way of limiting enzyme deactivation is to avoid chemical
denaturants, temperatures at or close to the melting temperature, extreme pH values, etc.
However, often one would like to operate at conditions not guaranteeing optimal enzyme
stability, e.g. at increased temperatures to increase reaction rate or in presence of a co-solvent
to increase solubility of substrates and products. In such cases protein engineering, immobi-
lization on solid carriers, and to some extend reaction medium engineering is the available
options for enzyme stabilization. These methods will not be considered in more detail for
enzymes in general, as they have been reviewed extensively elsewhere[33-37].

For oxygen dependent biocatalysis using free enzymes most, if not all, of the above-men-
tioned factors influencing inactivation is important. However, three factors are of specific
importantance, and to some extend unique, for oxygen dependent enzymes, namely, unfold-
ing and deactivation at gas-liquid interfaces, oxidation of amino acid side-chains, and deac-
tivation caused by reactive aldehyde species.
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Gas-liquid interfaces

Presence of gas-liquid interfaces is almost inevitable in a reactor used for carrying out an
oxygen dependent biocatalytic reaction as oxygen typically is supplied by bubbling the re-
action solution with air or pure oxygen. Air is hydrophobic, so proteins tend to unfold and
expose their hydrophobic core (effectively decreasing AG,,), when put in contact with an air-
liquid interface [38—40]. As explained above, denatured proteins readily undergoes irreversi-
ble deactivation via aggregation, oxidation of amino acid residue etc. The rate of unfolding
Is enhanced by shear effects, such as those experienced in stirred reactors or pumps, although
sheer effects alone has little effect on protein stability [41]. Therefore, gas-liquid interfaces,
especially in combination with high sheer forces, tend to increase deactivation rates of en-
zymes. However, the effect is not universal, but very dependent on the enzyme, some en-
zymes such as formate dehydrogenase [42], cellobiose dehydrogenase [43] and styrene
monooxygenase [44], are very sensitive to gas-liquid interfaces, while others are almost un-
affected, e.g. galactose oxidase [45].

Avoiding interfaces is the obvious way to overcome interfacial enzyme deactivation. Alt-
hough interfaces cannot be avoided completely, gas-liquid interfaces can be minimized e.g.
by applying membrane aeration. This has successfully been applied for a range of enzymes
unstable in presence of gas-liquid interfaces [46—48], however, the implementation of mem-
brane aeration in an industrial biocatalytic process has yet to be demonstrated. Improving
the stability of proteins in presence of gas-liquid interfaces has shown to be difficult, judged
by the number of examples in the scientific literature. However, general methods of protein
stabilization (that increase AG,,) should prove useful, as the initial step of interfacial inacti-
vation is unfolding. Therefore, immobilization tend to improve the interfacial stability
[49,50]. Alternatives include substitution of amino acids prone to oxidation [42] and by ad-
dition of surface active agents [51]. The latter, can be difficult to apply in a biocatalytic
reactor because surface active agents also change (often decrease) oxygen transfer, typically
are required in relative high concentrations and potentially complicates downstream pro-
cessing, and thus adds to the final cost of the chemical transformation. The exception being
anti-foam agents, which also may alter enzyme deactivation rates. The best way of avoiding
air-liquid interfacial enzyme deactivation is therefore most likely protein engineering ap-
proaches to increase the thermodynamic and kinetic stability, and potentially by applying
alternative oxygen supply methods such as membrane aeration, if such prove to economical
and technical feasible at scale.

Oxidation of amino acid side-chains

Oxidizing agents present in the reaction medium may oxidize accessible amino acid residues,
especially methionine and cysteine, on a protein surface, in the protein interior upon dena-
turation, or in the active site. This typically disturbs the tertiary structure or makes essential
amino acids unable to partake in the catalytic action, and thus leads to irreversible inactiva-
tion [52]. Typical oxidation agents include hydrogen peroxide and superoxide, generated as
a co-product from oxidase catalyzed oxidations (only H.O>) or as a by-product due to im-
proper electron transport, as known from the uncoupling experienced during the catalytic
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cycle of cytochrome P450 monooxygenases [13,53,54]. However, dissolved oxygen may
also oxidize surface amino acid (especially in presence of metal ions) and thus lead to deac-
tivation [52,55].

Hydrogen peroxide is routinely scavenged from the reaction medium using catalase. Simi-
larly superoxide may be scavenged using superoxide dismutase, although this is seldom ap-
plied in biocatalytic reactions even though it recently was shown to have a significant effect
on the stability of a Baeyer-Villiger monooxygenase [56]. Molecular oxygen, on the other
hand, cannot be avoided in the reaction medium, as it is required as a substrate. In cases
where oxidation of amino acid residues pose a problem engineers can resort to immobiliza-
tion of the enzyme or attempt to substitute methionine and cysteine residues prone to oxida-
tion. Both approaches have proven to successfully stabilize enzymes prone to oxidative dam-
age by reactive oxygen species [55,57-59].

Aldehydes

Oxidation reaction often involve aldehydes either as the product from the oxidation of pri-
mary alcohols or as the substrate for further oxidation to the carboxylic acid. Aldehydes are
generally very reactive molecules, since they readily partake in nucleophilic additions.
Therefore, aldehydes react with protein amino acid residues containing nucleophilic groups,
such as amino groups. Besides the terminal amino group of proteins, proteins are also prone
to aldehyde addition reactions with the amino acid side chains, such as the sulfhydryl group
of cysteine, the e-amino group of lysine, the imidazole group of histidine, and to some extend
the guanidinium group of arginine [60,61]. Especially lysine residues on the protein surface
or in the active site are prone to aldehyde modifications via a Shiff’s base addition (Figure
2.4), while the other amino acid residues typically requires conjugated aldehydes to react,
such as 4-hydroxynonenal generated during lipid oxidation or the aldol condensation product
of acetaldehyde [61-63]. Protein-aldehyde reactions are also well known from the widely
applied protein cross-linking reaction using the dialdehyde glutaraldehyde [64].

R
H,N \=N
0 0
RO+ - + H0
$NH O 4NH O
aldehyde lysine aldehyde-lysine adduct

Figure 2.4. Shift base addition of the g-amino group of lysine to an aldehyde to form an imine.

Aldehyde addition to amino acids side chains do not necessarily deactivate an enzyme, e.g.
immobilized enzymes. Obviously, enzyme activity is lost or reduced in cases where the ad-
dition happens at a residue taking part in the catalytic action (although lysine rarely is present
in the active site) or if the addition adduct block the substrate entrance to the active site.
However, modification of amino acid residues on the protein surface may also lead to en-
zyme deactivation by distorting the quaternary and tertiary structure [65].
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Stability of a biocatalyst to aldehydes is a problem often encountered, for example for lipase
catalyzed kinetic resolution [62,63], aldolase catalyzed aldol reactions [66,67], benzalde-
hyde lyase catalyzed C-C bond formation [68], and transketolase catalyzed C-C bond for-
mation [69]. Problems of aldehyde deactivation may to some extend be alleviated by immo-
bilization or by exchanging amino acid residues prone to aldehyde reactions with less reac-
tive amino acids [63,70,71]. There are also examples of the use of directed evolution and in
silico prediction of stabilization mutation, that have shown to improve the stability in pres-
ence of aldehydes [66,67]. Interestingly, no amino acid residues prone to aldehyde modifi-
cations were substituted using these approaches, instead the mutations increased the rigidity
of the enzyme structure and thus also the stability in presence of aldehydes.

The process engineering solution to aldehyde instability is naturally to feed the aldehyde as
it is consumed, in cases where an aldehyde is a substrate, and to remove the aldehyde as it is
formed using in situ product removal (ISPR), in cases where an aldehyde is formed as a
product. ISPR options include extraction of the aldehyde in a two-phase system, crystalliza-
tion of the aldehyde, and adsorption of the aldehyde onto resins. Eventually, cascade systems
can be utilized to convert the aldehyde into a less reactive specie. However, this is only
applicable in cases where the aldehyde itself is not the desired end-product.

2.7 Stripping of volatile compounds

The large requirement to oxygen means that oxygen dependent biocatalytic processes re-
quires aeration rates of up to two vvm (volumes of air per volume of reactor per minute).
Volatile compounds will at such aeration rates be stripped from the liquid reaction media
relatively fast. Even compounds with high boiling points will be stripped from an aqueous
solution to a significant extend if their solubility is low (e.g. styrene [72] and perillene [73]).
Products of biocatalytic oxidations are often organic molecules that are relatively volatile
compounds with low aqueous solubility, such as aldehydes and lactones especially interest-
ing for the flavors and fragrances industry. Loss of product due to evaporation is therefore
an important parameter when designing an oxygen dependent biocatalytic process.

In aerated stirred reactors, the gas-phase is well dispersed in the liquid phase and the contact
area between the two phases is large. In most cases, it can therefore safely be assumed that
the off-gas leaving the reactor is in equilibrium with the liquid phase. The vapor-liquid equi-
librium of a compound, i.e. the ratio between the mole fraction in the gas and liquid phase
(yi and xi, respectively), is described by the equilibrium constant, K,,;. (EQ. 2.6). Describing
the vapor-liquid equilibrium is not straightforward for non-ideal systems. To do so activity
coefficient models such as UNIQUAC or NRTL are required, which take interactions be-
tween system components into account. However, for dilute solutions of a small molecule
(as many solution in biocatalysis are), the much simpler Henry’s Law (Eq. 2.7) can be used
to estimate the equilibrium constant, when an experimentally determined proportionality
constant (Hi) is known. For most compounds, the Henry’s Law constant as a function of
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temperature can be found in thermodynamic databases. Similarly, when the liquid mole frac-
tion of a compound is close to one, Raoult’s Law (Eg. 2.8) can be used to determine the
equilibrium constant based on the pure component vapor pressure of the compound (PS%t).

Vi Eqg. 2.
Kvle,i = _l q.2.6
i
H; Eq. 2.7
Kvle,i = ?l a
pgat Eq. 2.8
Kvle,i = lT

As mentioned above, significant stripping of a compound in solution can occur despite a
high boiling point and thus low vapor pressure. An example is the oxidation of benzyl alco-
hol (Tb, 205 °C) to benzaldehyde (Tb, 179 °C), where the substrate does not evaporate at all
from the solution, whereas the product is stripped from the solution to a significant extend
[45]. The main reasons for this is the large difference in solubility between the two com-
pounds (42.9 g L'1[74] and 6.6 g L1 [75], respectively), due the ability of benzyl alcohol to
form hydrogen bonds whereas benzaldehyde cannot. Figure 2.5 shows the stripping of ben-
zaldehyde from water at a typical aeration rate in a stirred reactor and the good agreement
with Henry’s law. Additionally, the figure shows the stripping rate at three different benzal-
dehyde concentrations. At a concentration of 50 mM, the rate of stripping is 3 mmol L h'?,
which at typical industrial production rates (100 mmol L h'!) corresponds to a loss of 3%,
which increase with both temperature and product concentration. The high aeration rate and
low concentration of benzaldehyde in the off-gas makes recovery of the product difficult,
because simple condensation is not an option. Even if the off-gas is cooled to 0 °C, some-
thing that is not easy due to the poor heat transfer coefficient of air and the high airflow rate,
only 7.5% of the lost benzaldehyde can be recovered. Although a 3% loss is not detrimental
to every process, it is a loss that is worthwhile minimizing when designing the process. Fur-
thermore, the loss can easily be significantly higher for other compounds more volatile than
benzaldehyde.

Avoiding stripping of a volatile substrate or product, such as benzaldehyde, is thus of sig-
nificant importance in order to ensure the best possible yield. Stripping can be limited by
choosing an oxygen supply method that reduces the aeration rate by increasing the driving
force available for oxygen transfer, such as pure oxygen sparging or increased reactor head-
space pressure. Furthermore, by increasing the headspace pressure the mole fraction in the
gas phase at equilibrium is reduced thus decreasing the rate of evaporation. Alternatively,
the concentration of the volatile component in the aqueous phase can be reduced by intro-
ducing an organic phase with high affinity for the compound. However, the solvent must be
chosen with care, because many solvents traditionally applied in biocatalytic reaction are in
themselves volatile and thus easily lost, see below.
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Figure 2.5. Stripping and condensation of benzaldehyde from water at 25 °C at an aeration rate of 1 vvm. Left:
Experimental benzaldehyde stripping and comparison with Henry’s law. Right: Evaporation rate at different ben-
zaldehyde concentrations and corresponding recovery (condensation) rates if off-gas is cooled to 0 °C or 5 °C.

Utilizing a difference between the volatility of a substrate and product is an obvious way of
removing the product as it is formed, in cases where the product inhibits, or otherwise limits,
the reaction. However, as exemplified above, this is only in cases where 1) the rate of re-
moval is high enough and 2) in cases where it is possible to recover the product from the off-
gas, unless the compound being removed is a byproduct of little value [16,76]. Nevertheless,
for products showing higher volatility, stripping is definitely an option for ISPR as these also
will be easier to remove from the off-gas using condensation. Alternatively, the volatile
compound could be recovered from the off-gas using solvent extraction or adsorption onto
solid resins with high affinity for the product. In practice, it will not be possible to recover
all product from the off-gas. Therefore, it is frequently suggested to recirculate the gas used
for stripping after some product has been recovered, this principle has often been applied
with success in e.g. the acetone-butanol-ethanol (ABE) fermentation [77]. This works well
for anaerobic processes as the ABE fermentation, where stripping gas serves no other pur-
pose than removing the desired compounds. In aerobic processes, oxygen is constantly con-
sumed from the gas phase and thus needs to be replenished by purging from the gas and
feeding air or oxygen. In such cases, it is particularly tempting to use pure oxygen for aera-
tion to avoid having to recirculate and purge inert nitrogen. However, the safety concern of
mixing a gaseous organic molecule in pure oxygen will make the hazards at large scale un-
manageable. The above mentioned challenges when applying gas stripping for ISPR in com-
bination with oxygen dependent reactions is probably one reason for the limited numbers of
examples in the scientific literature [72,78].

Safe operation of an aerated bioprocess containing volatile organic compounds is indeed an
important topic, especially as the scale, and thus the risks, is increased. Stripping of a com-
pound like benzaldehyde does not pose a safety problem because of the very low gas-phase
concentration. However, in biocatalytic oxidation reactions a secondary organic solvent is
often applied to extract the formed product, supply a substrate, and/or simplify downstream
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processing [79,80]. In such cases, the explosive atmosphere potentially formed when apply-
ing a low boiling solvent, e.g. ethyl acetate (T,, 77.1 °C), is a serious risk that needs to be
avoided through safe operation of the process [81,82]. An explosive atmosphere can be
avoided ensuring that the oxygen concentration in the exhaust gas never increases beyond
the oxygen limit concentration or keeping the concentration of a flammable compound in
the gas phase below the lower explosion limit, e.g. by increasing the headspace pressure
above a critical pressure or operating at a temperature below the flashpoint. Alternative, sol-
vents with higher boiling points, and thus higher flashpoints, can be applied, although this
makes downstream processing problematic if the product is high boiling, since distillation is
very energy intensive. Another alternative is to avoid direct contact of the organic solvent
with the aeration gas, by extracting the desired compound into the organic solvent through a
suitable membrane [83].

2.8 Whole-cell processes

Whole-cell oxygen dependent processes share many of the challenges of free enzyme sys-
tems discussed above, such as the difficulties of supplying sufficient oxygen and loss of
substrate or product due to volatility. However, there are also several differences between
the systems, which are briefly discussed below.

Whole-cell biocatalysts can either be growing (i.e. combined biomass and product produc-
tion) or in a resting state where the cells are still alive and metabolically active, but unable
to grow due a limitation in one or more nutrients, typically nitrogen. In resting cell biocatal-
ysis, as opposed to growing cell biocatalysis, the biocatalytic reaction is uncoupled from the
growth, and thus enabling individual optimization of the reaction conditions for both the
growth and the biocatalytic reaction. Both resting and growing cells requires a carbon source
for generation energy required for cell maintenance (and growth). Furthermore, the cells
require oxygen not only as a substrate for the enzymatic oxidation but also for the oxidative
phosphorylation to generate ATP. As growing cells require carbon and energy for growth,
they require significantly more oxygen than resting cells. The expected volumetric produc-
tivity of whole-cells biocatalytic processes are therefore lower than for free enzymes, be-
cause a large part of the limited supply of oxygen is consumed in the cell metabolism [84].
The oxygen consumption increase, and thus oxygen available for the biocatalytic reaction
decrease, with increasing growth rate. Selecting an appropriate growth rate, preferably as
low as possible, is therefore important to avoid oxygen limitations [85]. The difference in
oxygen consumption rate and thus maximum productivity is illustrated in Figure 2.6. Addi-
tionally, it must be noted that the high oxygen affinity of the electron transport chain means
that all oxygen will be directed there in case of limitations, thus a low oxygen concentration
will stop the biocatalytic reaction in a cell before growth rate is decreased [10,84].

With the above described potential oxygen limitation in whole cell catalyzed bioprocesses
in mind, it is important to choose a host organism, which not only express the desired protein
sufficiently well but also requires as little maintenance energy as possible in the stressful
environment of a biocatalytic reactor [88]. Additionally, the general tolerance of the host



30 Reaction engineering aspects of oxygen dependent biocatalysis

organism towards the substrate and product (and an organic solvent in cases where this is
required) is important, since the viability of the cell machinery is a prerequisite for biocata-
Iytic activity [89]. Gas-liquid interface facilitated deactivation of enzymes are avoided when
applying whole-cells, but even though the enzymes are situated in their natural cellular en-
vironment, significant destabilization by reactive oxygen species or aldehyde products can
occur.
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Figure 2.6. Oxygen requirements of different types of biocatalysts carrying out a monooxygenase reaction. The
calculations are based on E. coli with an enzyme activity of 50 pmol min- geaw and using standard values for the
yield coefficients and maintenance requirements [86,87] . The growing cell is growing at a specific growth rate of
0.2 h'l. Figure adapted from [85].

2.9 Concluding remarks

Besides the specific challenges listed above, the reaction and process engineering challenges
experienced for biocatalytic reactions in general also apply to oxygen dependent enzymes,
such as inhibition by substrates or products, decreased enzyme stability in presence of sol-
vents, poorly water soluble substrates, requirements to efficient regeneration of co-factors,
tuning of reaction conditions to fit multiple enzymes, etc. [90].

The successful development of an oxygen dependent biocatalytic process requires the com-
bined effort of protein and process engineers. Where protein engineers address problems of
activity, selectivity, inhibition, and stability, process engineers tune reaction conditions, ap-
ply in situ product removal, employ substrate feeding schemes, and choose suitable oxygen
supply methods to alleviate problems not possible to solve using protein engineering due to
technical or economic constraints. The development requires close contact between protein
and process engineers to determine the targets of enzyme engineering efforts, and more im-
portantly making sure the enzyme selected for further process development lives up to a set
of minimum targets. These targets most ensure that there is a sufficient thermodynamic driv-
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ing force available for implementing process and reaction engineering solutions, e.g. suffi-
cient aldehyde tolerance to allow for an aqueous concentration that can drive an ISPR
method.
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Chapter 3

A techno-economic comparison of oxy-
gen supply methods for oxidative bio-
catalysis

This chapter is intended for later publication. The Supporting Information can be found in
Appendix A.

3.1 Abstract

Oxygen supply to fermentations has been a widely studied field of research for many dec-
ades. With the recent developments within oxidative biocatalysis the supply of oxygen to
biocatalytic reactions have never been more important. Although biocatalytic oxidations and
aerobic fermentations share many similarities, a number of differences are critical when
evaluating oxygen supply methods, such as instability of certain enzymes in the presence of
gas-liquid interfaces. To circumvent the problems associated with the traditional method of
supplying oxygen via bubble aeration of stirred tanks, a number of alternative oxygen supply
methods have been proposed in the scientific literature. In this paper, the most promising
alternatives are evaluated based on their technical feasibility and cost, and compared to tra-
ditional methods of supplying oxygen via bubble aeration of stirred tanks. The methods in-
vestigated comprise enriched air aeration and pressurization of stirred tanks, membrane aer-
ation with a submerged and an external membrane configuration, and in situ oxygen gener-
ation by hydrogen peroxide decomposition.
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3.2 Introduction

In the recent years biocatalytic oxidations have gained significant interest for reactions such
as oxidation of alcohols, aldehydes and amines, epoxidation of C-C double bonds, hydrox-
ylation of C-H bonds, and Baeyer-Villiger oxidation [1-3]. Common to all these reactions
are that they require a stoichiometric amount of oxidant, which for most practical applica-
tions is molecular oxygen. Conventionally, oxygen has been supplied to oxygen dependent
reactions by passing air through the liquid reaction medium, as with submerged fermentation
processes [4]. Unfortunately, the solubility of oxygen in aqueous media is very low (0.267
mM in water at ambient conditions), which greatly limits the driving force available for
oxygen transfer. Therefore, the supply of oxygen often limits the maximum rate of oxygen
dependent biocatalytic reactions [5,6] .

Oxygen supply problems have been studied extensively in the scientific literature on aerobic
fermentation processes. The primary reason for this is that oxygen supply is one of the main
cost drivers, besides the cost of substrate, for highly intensified fermentation processes, e.g.
microbial fermentations [7]. High intensity fermentations are all performed in stirred tank
reactors or bubble columns using air (and in a few cases using oxygen enriched air) to supply
oxygen. Alternative oxygen supply methods are typically only considered for low intensity
processes where the conventional methods limit the performance of the process, for example
in mammalian cell cultures where bubbling and intensive stirring can cause loss of cell via-
bility, which can be solved by applying gentle aeration to the reactor through membranes

[8].

Biocatalytic oxidation reactions are very similar in nature to aerobic fermentation processes,
although there are a number of important differences. First, the concentration of biocatalyst
(either in the form of resting, but metabolically active, whole-cells or free enzymes), and
thereby the oxygen consumption rate, can be chosen independently to match the required
productivity and the rate of upstream and downstream processes. This means that the oxygen
requirement is almost constant throughout the reaction, unlike fermentations were the con-
sumption will increase with time due to the increased biomass concentration.

Secondly, enzymes in solution can be readily deactivated by the conditions experienced in a
bubble aerated stirred tank [9]. Oxidizing agents present in the medium, such as oxygen or
hydrogen peroxide, may damage the enzyme by oxidizing amino acid residues, especially
methionine and cysteine, on the surface or interior of the enzyme whereby the enzyme struc-
ture is disturbed or catalytically active amino acids modified, thus leading to enzyme deac-
tivation [10,11]. There exist several examples in the literature showing how oxidation of
surface amino acids can be circumvented by exchanging the amino acids prone to oxidation
using protein engineering, especially in cases where the hydrogen peroxide is required as a
substrate for the enzyme [12,13]. In addition to oxidation of amino acids residues, free en-
zymes in solution can be very sensitive to gas-liquid interfaces to which they adhere and
unfold, eventually causing the enzymes to aggregate and thereby deactivate [14-17]. Im-
proving the stability in presence of gas-liquid interfaces have shown to be difficult although
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sometimes possible using immobilization, surface active agents and to some extent protein
engineering [10,14,17,18]. Enzyme deactivation by gas-liquid interfaces is typically accom-
panied by excessive foaming. Foaming is not unknown in fermentations where it is dealt
with using anti-foam solutions. However, the process of enzyme deactivation at the gas-
liquid interface cannot always be avoided by adding anti-foam solutions, which might even
contribute to further biocatalyst deactivation [19].

Thirdly, the substrates and products in biocatalytic oxidations are typically small organic
molecules, which are rarely part of the primary metabolism of typical microorganisms. Often
these compounds are hydrophobic, with a low aqueous solubility and are frequently volatile.
The slow gas-liquid transfer of oxygen means that large volumetric air flow rates are required
to create a sufficient gas-liquid interface. Typically, up to two volumes of air per volume of
reaction mixture per minute (vvm) is required. At such aeration rates, even compounds with
low volatility evaporate to an extent that may significantly reduce the product yield and
therefore cannot be ignored (e.g. benzaldehyde [20]). Furthermore, the mole fraction of such
compounds in the off-gas will be very low, which makes recovery from the off-gas by con-
densation ineffective.

Fourthly, carbon dioxide is not produced, or to a limited extent from metabolism when ap-
plying whole-cells, in most biocatalytic oxidations. Removal of CO2 from the media is there-
fore not a concern as it is during aerobic fermentations, especially when operating under
elevated pressure [21].

The oxygen consumption rate in biocatalytic processes is determined by the concentration
of biocatalyst present. Unlike fermentations, where the vast majority of supplied oxygen are
spend by the cells for generating energy via oxidative phosphorylation, biocatalytic reactions
use the supplied oxygen directly to oxidize the substrate. This result in productivities for
biocatalytic oxidations of up to 10-40 kg m= h** opposed to 2-5 kg m h*t, which is consid-
ered the minimum requirement for industrial implementation. As an example, a biocatalytic
oxidation process producing a 100 g mol™ product at a rate of 20 kg m h't using an oxidase
will require an oxygen supply rate of 100 mol m= h't. Such oxygen transfer rate is typically
close to the limit of most industrial stirred bioreactor using air for aeration [22].

3.2.1 Technology options

Bubble aeration in stirred tanks result in a number of downsides in terms of limited oxygen
transfer rates, destabilization of some enzyme due to gas-liquid interfaces and loss of volatile
compounds via evaporation. Combined with the relative high cost of aeration, this creates a
significant incentive to consider and develop alternative oxygen supply methods, which has
the potential to reduce the cost of aeration, increase oxygen transfer rates, avoid a direct gas-
liquid interface, or reduce the volumetric flow rate of gas through the reactor. Several alter-
native oxygen supply methods have been described in the scientific literature. This paper
focuses on the most promising alternatives to the traditional stirred tank reactor, namely
sparging of stirred tanks with enriched air, pressurization of stirred reactors to moderate lev-
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els, membrane aeration with the membrane module submerged in the reactor or as an exter-
nal module with media recirculation, and generation of oxygen in situ by decomposition of
hydrogen peroxide (Figure 3.1). Other oxygen supply methods exist, such as novel agitated
reactors [23], oxygen vectors to promote oxygen transfer [24], dynamic membrane aeration
[8], and microbubble aeration [25]. These technologies are not considered here since they
are deemed too far from application in industrial biocatalysis. Furthermore, bubble columns
and airlift reactors will not be considered because the cost of oxygen transfer for these tech-
nologies typically are very similar to the cost for stirred tank reactors, especially at the mod-

est maximum scale considered in this paper (100 m3) [26].
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Enriched air sparging and pressurization of stirred reactors

Enriched air sparging and pressurized operation of bubbled stirred tanks are both obvious
ways of increasing the oxygen transfer rate that have gained significant interesting [27-29],
as the increased partial pressure of oxygen in the sparging gas increase the driving force for
oxygen transfer. Both types of operation have the potential to limit the evaporation of volatile
compounds. At increased headspace pressures, the effect comes from a combination of a
reduction in molar fraction in the gas phase to match the vapor pressure of the volatile solute
and reduced aeration rate to supply a given amount of oxygen due to the increase driving
force for oxygen transfer. For enriched air sparging, only the latter effect helps to reduce
evaporation.

Although both methods effectively increase the oxygen transfer rate, implementation in in-
dustrial bioprocesses are limited. Typically a slight overpressure is applied in most large-
scale fermentations to decrease the risk of contamination, while enriched air applications are
limited to very high cell density fermentations [30-32]. A reason for the limited implemen-
tation is the increased cost of equipment as well as compressor operation in the case of pres-
surized reactors and the cost of pure oxygen in the case of enriched air applications [28,32].

Membrane aeration

Membrane aeration offers the possibility to supply oxygen without exposing enzymes to a
gas-liquid interface, thus avoiding deactivation of interface sensitive enzymes [15]. Further-
more, membrane aeration may also decrease evaporation of volatile compounds due the abil-
ity to pressurize the gas-side of the membrane. The technology has primarily been studied
for application in wastewater treatment [33-35], but laboratory examples for biocatalytic
reactions also exist [15,36,37]. Membrane aeration typically applies membranes in the form
of hollow fibers with the liquid to be aerated flowing either in the fiber lumen or the shell
side of the membrane. The hollow fibers can be arranged in two configurations: as a sub-
merged membrane module inside a stirred reactor or as an external membrane module
through which the reaction media is circulated. The external membrane module enables sim-
plified scale-up and enhancement of oxygen transfer rates in existing equipment, due to the
modular nature of the membrane modules. On the other hand, external membrane aeration
requires large circulation rates though the membrane module, which need significant power
input and might induce enzyme damage depending on the type of pump applied [16]. Alt-
hough gaining significant interest, membrane aeration (and membrane contacting in general)
is still an area of membrane technology yet to be fully commercialized [38].

Hydrogen peroxide decomposition

An interesting approach to overcome the limited mass transfer rate of oxygen to an aqueous
solution is to supply chemically bound oxygen in the form of hydrogen peroxide. By apply-
ing the enzyme catalase, hydrogen peroxide can be decomposed to water and oxygen. Since
catalase is already present in many biocatalytic oxidations due to the formation of hydrogen
peroxide as a by-product during the oxidation, the additional enzyme requirement will be
low. The method has limited applicability in fermentations, since sufficient removal of CO>
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cannot be sustained due to the lack of gas sparging, unless the hydrogen peroxide feeding is
used as a supplement to sparged aeration [39]. However, for biocatalytic oxidations, where
stripping of CO- is not required, the method has been demonstrated successfully [40,41].
Hydrogen peroxide enables a supply of oxygen decoupled from the concentration of oxygen
in solution (up to the solubility limit of pure oxygen where bubbles start to form). Hence, a
biocatalytic process can be operated at oxygen concentrations not economically possible
when using oxygen supplied from a gas phase. This is especially important for enzymes with
a Michaelis constant for oxygen close to (or above) the solubility of oxygen in water at
atmospheric conditions [20]. Immobilized enzymes are typically not an option for oxidation
reactions due to the difficulty of supplying oxygen in a solid-liquid-gas system. However,
by co-immobilizing catalase and an oxygen dependent enzyme it has recently been shown
that oxygen can be generated from supplied hydrogen peroxide in the close vicinity of the
oxygen consuming enzyme, thereby locally increasing the oxygen concentration to high lev-
els resulting in faster catalysis [42].

Hydrogen peroxide is a strong oxidant, has a large energy content and an unstable nature.
Safe handling at industrial scale requires an aqueous concentration below 70% (w/w) [43].
The decomposition of hydrogen peroxide is an exothermic reaction (AH:: 100.4 kJ mol*
[44]), oxygen supply via decomposition of hydrogen peroxide will therefore increase re-
quirements for cooling of the reaction medium to keep the temperature at the desired level.
Thus, heat removal capacity could potentially set a limit to the maximum oxygen transfer
rate achievable, especially at large scale. Problems with oxidation of amino acids on the
surface of enzymes inevitable become more important when supplying oxygen via hydrogen
peroxide decomposition [41]. In particularly as the scale of operation increases, insufficient
mixing can create zones of high concentrations of hydrogen peroxide, which potentially can
inactive the enzymes present. Thus, the need for designing enzymes robust towards oxida-
tion agents still prevails [45].

Recently, it has also been shown that other oxygen containing compounds such chlorite
(Cl10O2) can be applied together with an appropriate enzyme such as chlorite dismutase for
the generation of oxygen [46]. Such compounds might alleviate some of the drawbacks of
hydrogen peroxide decomposition, although the system has not been demonstrated at scales
larger than a few milliliters.

The above described technologies are often mentioned in various scientific publications as
ways to reduce the cost of oxygen transfer, increase oxygen transfer rates or improve process
performance. However, such statements are rarely backed-up by cost estimations and direct
technical feasibility comparisons. The aim of this study is to provide such a comparison for
the most promising oxygen supply methods for biocatalytic oxidations and benchmark these
against the conventional stirred tank reactor. The uncertainties associated with early-stage
cost estimations and their impact on the cost of oxygen supply are evaluated using Monte
Carlo based sensitivity analysis to give the most realistic prediction of the cost of transferring
oxygen using the evaluated technologies. To the authors’ knowledge, this is the first example
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in the scientific literature of a direct economic comparison of alternative oxygen supply

methods.

Table 3.1. Advantages and disadvantages of the investigated oxygen supply methods.

Technology

Advantages

Disadvantages

Bubble aeration of
stirred tank

- Pressurized

- Enriched air

Submerged membrane
aeration

External membrane aer-
ation

H202 decomposition

Well known technology

Increased driving force for
oxygen transfer

Potentially limit evaporation
of volatile compounds

Increased driving force for
oxygen transfer

Potentially limit evaporation
of volatile compounds due
to decreased aeration rate at
same oxygen transfer rate
No gas-liquid interface
Reduce foaming issues

No gas-liquid interface
Simplified scale-up
Possible to increase oxygen
supply rate at a later stage
by installation of additional
membrane modules.

No gas-liquid interface
Reduce foaming issues
Oxygen transfer rate decou-
pled from oxygen concentra-
tion

Direct control of oxygen
supply rate

Almost unlimited oxygen
supply rate

Gas-liquid interface
Limited oxygen transfer ca-
pabilities

Additional compression and
reactor cost

Cost of pure oxygen

The membrane introduce an
additional barrier to oxygen
transfer

Cost of membrane material

The membrane introduce an
additional barrier to oxygen
transfer

Cost of membrane material
Requires high circulation
rates through the membrane
module

Potential damage of biocata-
lyst in recirculation pump

Potential damage of biocata-
lyst by locally high H,0,
concentrations due to imper-
fect mixing

Risk of bubble formation
and loss of oxygen due to lo-
cal oversaturation

Cost of H,0;

Increased cooling require-
ment due to heat of reaction
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3.3 Results and discussion
The results presented are the overall results of the study, for a more detailed analysis of the
results see Section 4 and 5 of the Supporting Information (S.1.).

3.3.1 Bubble aeration of stirred reactor

The cost of oxygen transfer when applying bubble aeration of stirred reactors was found to
be largely driven by the capital expenses and fixed operating cost (Figure 3.3). The variable
operating costs (i.e. cost of electricity for agitation and compression) only accounts for small
part of the total cost, for example 13% of the cost of oxygen transfer for a 100 m* unpres-
surized stirred tank reactor using air for aeration (Figure 3.2). This correlates well with the
sensitivity analysis, which found that the uncertainty on the capital cost estimation and the
volumetric mass transfer coefficient explains the largest part of the uncertainty on the pre-
diction of cost of oxygen transfer. When applying pure oxygen for sparging, the large un-
certainty on the cost of oxygen also had a significant influence. Other parameters, such as
agitator and compressor efficiency and cost of electricity, only had a minimal impact on
uncertainty of the predicted cost.

CAPEX OPEX
Agi: 14%

Agi: 28%
Com: 9%
Main: 4%

Reac: 59% o Lab: 61%
Com: 12% Fix: 11%

SCC=0.25 USD kg, ' $OC=0.33 USD kg, '
2 2

Figure 3.2. Cost distribution for bubble aeration of a stirred tank operated at an oxygen transfer rate of 50 mol m
3 hl. Agi: Agitation, Com: Compression, Reac: Reactor, Main: Maintenance, Fix: Fixed operating costs, Lab: La-
bor, SCC: specific capital cost, SOC: specific operating cost. See S.1I. for cost distributions for other investigated
technologies.

The effect of enriched air sparging and pressurization on the total cost of oxygen supply was
investigated (A.14-A.15). It was found that neither increased headspace pressure nor en-
riched air sparging resulted in a significant reduction in the specific oxygen transfer cost.
Increasing the headspace pressure could at best result in a cost decrease of a few percent
with an optimum pressure of around two bars, depending on the oxygen transfer rate. For
enriched air sparging, the decrease in capital cost due to decreased compression and agitation
requirements was cancelled out by the increased operating costs due to the consumption of
pure oxygen. Partially enriching air with pure oxygen resulted in a higher cost of oxygen
transfer than when using pure oxygen for sparging, since the benefit of a high partial pressure
of oxygen throughout the reactor is not realized when sparging with partially enriched air.

Problems with evaporation of volatile compounds can potentially be alleviated by increasing
the headspace pressure or sparging with enriched air. For an oxygen transfer rate of 50 mol
m= h?in a 100 m® reactor, the aeration required when sparging with air and operating at
atmospheric pressure, sparging with air and operating at 10 bar, and sparging with oxygen
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at atmospheric conditions are 0.21, 0.13, and 0.03 Nm3m= min, respectively. In terms of
rate of evaporation, this corresponds to a reduction of 16 and 7 times for pressurization to
10 bars and pure oxygen sparging, respectivelym when assuming that the gas leaving the
reactor is saturated with the volatile compound. Although not reducing the cost of oxygen
supply, pressurization or pure oxygen sparging could be used to decrease the evaporation
rate of volatile compounds and increase the maximum oxygen transfer beyond the limit using
air sparging (= 300 mol m™ h"* based on the current assumptions).

3.3.2 Membrane aeration

Both submerged and external membrane aeration has a significantly higher cost of aeration
compared to stirred tank reactor technology (Figure 3.3). The high cost is primarily related
to the membrane cost, which for operation at atmospheric headspace pressure using air ac-
counts for 74% and 49% of the total cost for submerged and external membrane aeration,
respectively (Figure 2, A.4 and A.7). For external membrane aeration, the electricity cost of
recirculating the liquid is the second biggest contributor to the total cost of oxygen transfer,
accounting for 26% of the cost. The above observations were confirmed in the sensitivity
analysis which showed that the cost of the membrane and the mass transfer coefficient
through the membrane are the most important parameters for the uncertainty on the predicted
cost of oxygen transfer for both the submerged and external membrane configuration. Alt-
hough, the uncertainty on the capital cost estimation also becomes important when operating
the reactor and membrane module under pressure.

The options to decrease the cost contribution from the membrane are limited to increasing
the driving force for oxygen transfer by pressurizing the reactor and membrane module or
applying pure oxygen in the membrane fibers. Additionally, an increased operating pressure
also decrease the amount of media that needs to be recirculated through the external mem-
brane module, since more oxygen can be solubilized in the media due to the higher pressure.
The optimal pressure is very dependent on the oxygen transfer rate required, as an example
the optimal pressure is 10 bar for the submerged membrane configuration at an oxygen trans-
fer rate of 50 mol m h', while it is 41 bar at an oxygen transfer rate of 200 mol m= h!
(Figure A.18). Therefore, a pressure of 25 bar was chosen for the overall comparison (Figure
3.3-3.5). Interestingly, the benefit increasing headspace pressure depends on the scale of
operation. At 10 m® scale the capital cost contribution dominates the total cost of oxygen
supply. Therefore, the increase in reactor cost as pressure is increased is not outweighed by
the decrease in membrane and pumping cost as it is the case for a 100 m® reactor (Figure
3.3).

The maximum oxygen transfer for membrane aeration depends on membrane configuration.
For the submerged membrane module the maximum transfer rate is bounded by the mem-
brane area that physically can fit into the reactor, which for unpressurized reactor operation
and applying air results in a maximum oxygen transfer rate of 60 mol m= h™. When applying
pure oxygen inside the membrane fibers, the maximum oxygen transfer rate is increased to
220 mol m h, while the maximum is beyond the investigated range when applying both
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25 bar of pressure and pure oxygen. For external membrane aeration, the oxygen transfer
rate is limited by the recirculation rate through the external module, which is limited to 10
reactor volumes per hour. This corresponds to a maximum 150 and 690 mol m h* for un-
pressurized reactor operation, using air and pure oxygen, respectively. When pressurized the
reactor and module to 25 bar the maximum oxygen transfer rate is beyond the investigated
range.

3.3.3 Hydrogen peroxide decomposition

In situ oxygen generation by hydrogen peroxide decomposition is costly relative to the other
technologies, due to the cost of hydrogen peroxide (700-1200 USD MT1[43]). This corre-
spond to a cost of oxygen supply in the range of 1.5-2.35 USD kgoz%, only covering the cost
of H.O> and not capital or other operating expenses. This translates into high operating costs
compared to the other investigated technologies, whereas the capital cost are very low since
no aeration and only modest agitation is required. The importance of the cost of hydrogen
peroxide is also obvious from the sensitivity analysis, where the uncertainty on the cost of
hydrogen peroxide can describe 71% of the variance in total cost of oxygen supply (Figure
A.25). Other cost, such as cost of catalase and hydrogen peroxide tolerance of the biocata-
lyst, only constitutes a minor part of the total cost and are therefore less important when
explaining the uncertainty on the cost of oxygen supply. Overall, the total cost of supply
oxygen is higher than for most of the other investigated methods.

3.3.4 Economic comparison

Figure 3.3 compares the cost of oxygen transfer for the investigated technologies at an oxy-
gen transfer rate of 50 mol m h! for medium and large scale operation. A significant part
of the cost of oxygen is related to fixed OPEX, which in this case includes cost of labor,
especially at 10 m3 scale. This is due to the smaller scale that has a higher specific CAPEX,
which the fixed OPEX is calculated based on, and a higher specific labor cost due to a lower
total oxygen transfer because of the smaller reactor volume.

Intuitively, the cost of transferring oxygen in stirred tanks would increase with increasing
oxygen transfer rate due to the relationship between the volumetric oxygen transfer coeffi-
cient and the power input and superficial space velocity. Although this is true for the cost of
aeration and agitation [21], it is not so when accounting for the capital and fixed operating
costs. The specific total cost of oxygen transfer in fact decrease with increasing oxygen
transfer rate (Figure 3.4). This is because the capital cost can be spread across a larger total
oxygen supply, thereby decreasing the specific capital cost. The operational costs not includ-
ing labor and fixed OPEX increase with increasing oxygen transfer rate for stirred tank aer-
ation (Figure 3.5), as one would expect. Interestingly, the operational costs do not change
significantly when increasing the scale from 10 m® to 100 m?®, although the oxygen transfer
rate typically are reported to increase with increasing scale due to a higher superficial gas
velocity at otherwise comparable conditions [56]. However, such effects are minor when
increasing the scale from 10 m® to 100 m?, and therefore not directly visible given the un-
certainties.
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Figure 3.3. Specific cost of oxygen transfer for the compared technologies at an oxygen supply rate of 50 mol m™ h-
1, STR: Stirred tank reactor, SMR: Submerged membrane reactor, EMR: External membrane reactor, H.0z: hy-
drogen peroxide decomposition by catalase, O2: pure oxygen supply, xx bar: headspace pressure of reactor.

The comparison shows that the alternative oxygen supply methods considered, in general
cannot reduce the cost of oxygen transfer compared to the stirred tank reactor technology.
The difference between the investigated technologies depends on the scale of operation. At
medium scale operation (10 m®) the relative difference between bubble aeration in a stirred
tank reactor and the alternative oxygen supply methods are smaller than at the larger scale,
where the economics of scale are more beneficial for the stirred tank reactor. This is primar-
ily due to the membrane cost, which is not dependent in the scale of operation, and opera-
tional costs domination the total cost of oxygen supply for hydrogen peroxide decomposi-
tion. Pressurization of the reactor headspace significantly reduces the cost of aeration when
using membrane technology, and, at 10 m® scale, even to levels comparable with the stirred
tank reactor technology. However, it should be noted that there could be additional cost as-
sociated with increasing the pressure of the membrane module and reactor not accounted for
in analysis, especially when increasing the pressure beyond 5-10 bars, as no examples of
such have been reported.
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Figure 3.4. Total cost of oxygen transfer as a function of oxygen transfer rate for the investigated technologies. The
area represents the uncertainty on the cost estimation represented as the 10% to the 90 percentile.
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The analysis presented in this paper focuses on construction of a new plant. However, for
biotechnology in general, and biocatalysis in particular, production is often established in
existing equipment being retrofitted for the specific application. A comparison of total cost
may therefore not be useful, since this covers a range of costs already depreciated and there-
fore not relevant when retrofitting existing equipment. A direct comparison of the total cost
of retrofitting is difficult, since this will change depending on the existing equipment. There-
fore, the operating costs, excluding cost of labor and fixed OPEX, have been compared in
Figure 3.5, as this gives the best comparison when evaluating retrofitting options, although
there can be significant differences in capital costs associated with the technologies. In gen-
eral, it can be noted that the pressurized membrane technologies potentially can result in
comparable operating costs to those expected for stirred tank reactors.
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Figure 3.5. Specific operating cost (not including labor and capital related expenses) as a function of oxygen transfer
rate for the investigated technoliges. The area represents the uncertainty on the cost estimation represented as the
10™ to the 90™ percentile.

The cost of oxygen transfer has to be put in context of the value of the product being pro-
duced. For a typical small organic molecule (MW 100 g mol™?) oxidized using an oxidase,
which requires ¥2 mol of oxygen per mol of product, the oxygen requirement is 0.16 kgo2
Kgproauet *. At a scale of 100 m3and an oxygen transfer rate of 50 mol m= h%, this corresponds
to a cost contribution from oxygen supply to the final processing cost of 0.1 USD Kgproduct
for bubble aeration in a stirred tank. For the alternative oxygen supply methods, the cost
contribution from oxygen supply is up 6.9 times higher. Typically, large scale biocatalytic
production (>100 m®) implies a large volume chemical in the cost range of specialty (= 5
USD Kgproduct™*) or bulk chemicals (= 1 USD Kgproduet*) [55]. For a single oxidation step, the
contribution from substrate cost is typically high, meaning that the allowable processing cost
is low. Thus, a contribution of 0.1 USD Kgproauer™* from aeration will be significant, even
when considering that this cost also covers the cost of the reactor and that the cost contribu-
tion for bubble aeration is reduced with increasing productivity, e.g. 0.06 USD Kgproduct ™ at
an oxygen transfer rate of 100 mol m h. This means that alternative oxygen supply meth-
ods, e.g. applying membrane aeration to improve the stability of the biocatalyst, is not an
option at this scale.
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For a smaller scale production in a 10 m? vessel, the cost contribution from aeration corre-
sponds to 0.3 USD Kgproduct* When applying bubble aeration at an oxygen transfer rate of 50
mol m=3 ht. At this scale, the value of the products produced typically are higher, e.g. fine-
or pharma-chemicals with product costs of >15 USD kg and >100 USD kg?, respectively
[55]. The higher product cost means that the contribution from oxygen supply will be insig-
nificant. Application of alternative oxygen supply methods is therefore a possibility at this
scale, giving process engineers the possibility to optimize the conditions to maximize en-
zyme stability, reduce evaporation of volatile reaction species and maximum enzyme utili-
zation.

The above analysis compares the cost of oxygen transfer without including economic effects
from elimination or reduction of the current shortcomings of the unpressurized bubble aera-
tion in stirred reactors. Quantification of cost savings from reduced evaporation of volatile
compounds or reduced enzyme deactivation rate is difficult, and has to be evaluated on case-
by-case basis. However, the above analysis gives an overview of the costs associated with
choosing an alternative oxygen supply method, in case such method can alleviate problems
experienced during process development. In these cases, the increased cost of oxygen supply
has to be compared with the cost of alternative methods of circumventing the problems, e.g.
engineering of the biocatalyst to alleviate gas-liquid sensitivity problems or capturing of
volatile compounds from the off-gas using condensation.

3.4 Conclusions

Bubble aerated stirred tank reactors have been used for conducting aerobic bioprocesses for
decades, although often criticized for being expensive and inefficient. In this analysis, alter-
native oxygen supply methods for biocatalytic oxidations were compared with the traditional
stirred tank reactor in terms of technical feasibility and cost of oxygen transfer. The investi-
gated supply methods covered pressurized and enriched air aeration in stirred tanks, sub-
merged membrane aeration, external membrane aeration, and in situ oxygen generation by
decomposition of hydrogen peroxide. It was found that the investigated alternative oxygen
supply methods in general cannot deliver oxygen more cost effectively than traditional bub-
ble aeration. Consequently, there is no real alternative to bubble aeration when producing a
specialty or bulk chemical at very large scale (>100 m®). However, for the production of
higher value chemicals at smaller scale (10 m®) the cost contribution from oxygen supply is
insignificant, meaning that alternative oxygen supply is a possible alternative in cases where
they could improve process performance, e.g. by increasing the stability of the applied en-
zyme.
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3.5 Methods

The investigated oxygen transfer methods are compared on a basis of cost per amount of
oxygen transferred to the liquid reaction media (USD kggg). The operational and capital ex-
penses were calculated using generally accepted methods [47,48]. All cost calculations,
equipment sizing and Monte Carlo simulations were performed in MATLAB (MathWorks,
Natick, MA, USA).

3.5.1 Basic assumptions

The cost of oxygen transfer was calculated based on operating expenses, e.g. compression
and agitation costs, and capital expenses, which takes into account the bioreactor itself and
important auxiliary equipment such as compressor, membrane modules, etc. The most im-
portant exception was that cooling was not included in the cost analysis, as this in general
will be the same for the investigated technologies. The exception being oxygen generation
by hydrogen peroxide decomposition, where the reaction generates additional heat. How-
ever, the additional cost related to the cooling will be low compared to other operational
costs, but could eventually limit the maximum scale of operation.

The cost of oxygen transfer is highly dependent on the rate of oxygen transfer. This is not
only because of a higher specific energy requirement at high oxygen transfer rates, but also
because the capital costs can be divided into larger amounts of transferred oxygen at high
transfer rates, i.e. the specific capital cost per transferred kg of oxygen will be lower at a
high oxygen transfer rate [21]. The oxygen transfer rate was varied from 10 to 1000
mol/m3/h, corresponding to typical slow reaction and a highly intensified process, although
the latter would be difficult to obtain in practice for many enzymes due to other process
constraints.

Aerobic fermentations are conducted in bioreactors of up to several hundred cubic meters
for bulk scale production. Although biocatalytic oxidations are not implemented in the in-
dustry to the same extent as fermentations, the size of reactors required are substantial to
obtain the economic benefits of scale. However, as for fermentations, biocatalytic oxidations
may also be applied in smaller, more specialized, production where reactor sizes of only few
cubic meters are required (e.g. in pharmaceutical production). The cost of oxygen transfer
will be highly dependent on the scale of production, therefore two reactor volumes were
considered in the analysis, a small production scale with a liquid filling volume of 10 m® and
a large production scale with a filling volume of 100 m3.

The dissolved oxygen (DO) concentration directly affects the driving force for oxygen trans-
fer in all oxygen supply methods except the hydrogen peroxide/catalase system. On the other
hand, the DO also affects the specific reaction rate (i.e. Kgproduct Kgenzyme* h™t) since the Mich-
aelis constant for oxygen (Kmo) typically is close to or above the solubility of oxygen in
water at ambient conditions [20]. This means that at low DO the enzyme will be used inef-
ficiently (i.e. more enzyme is required) while the oxygen transfer is very efficient, and vice
versa. The optimal DO in terms of total cost will depend on the enzyme cost and activity.
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For the sake of simplicity, a constant DO of 20% of air saturation (25 °C, 1 atm) was as-
sumed, corresponding to a concentration of 54 uM Ox.

3.5.2 Capital and operating expenses

The total capital expenditure (CAPEX), including both working capital and direct and indi-
rect costs, was estimated based on the total equipment cost multiplied with the Lang Factor,
which for a fluid processing plant is 5 [47]. The cost of individual equipment was based on
publicly available data sources, scaled using power relationships, and updated to 2015 price
levels using the Chemical Engineering Plant Cost Index (CEPCI). The CAPEX was calcu-
lated on a basis of the amount of oxygen transferred to the reaction medium by assuming an
amortization over 10 years, an operating time of 5840 hours per year (16 h batch times, 1
batch per day), and an interest rate of 7%. See Supporting Information (S.1.) for a detailed
list of equipment costs, assumptions and cost calculations.

The operating expenditure (OPEX) covers the cost of raw materials, utilities, labor, mainte-
nance, and fixed costs (insurance, taxes, etc.). Raw material and utility requirements were
obtained from the sizing of equipment. Labor costs were calculated based on the assumption
that 1 worker is required per large scale bioreactor (100 m®) and 0.5 worker is required per
small scale bioreactor (10 m®). Maintenance and fixed costs were taken as 5% and 15% of
the capital cost, respectively [47]. See S.I. for a complete list of values used to calculate
OPEX.

3.5.3 Sensitivity analysis

Typically, early stage CAPEX estimations are subject to uncertainties of +30% [47], while
the uncertainties in OPEX estimates are dependent on the equipment size estimates and costs
of materials and labor. Sensitivity analyses were conducted for each oxygen supply method
to evaluate the importance of the uncertainty on the input parameters on the estimated cost
of oxygen transfer [49]. Monte Carlo simulations were applied to estimate the output uncer-
tainty, and Latin Hypercube Sampling was used to obtain 500 samples from uniformly dis-
tributed uncertainties on the input parameters. The key parameters change depending on the
oxygen supply method, Table 3.2 gives the input parameters considered in the analysis and
the uncertainties for each of the technologies investigated.

The maximum oxygen transfer that can be sustained by a given technology varies with the
parameters changed in the uncertainty analysis. The oxygen transfer rate was said to be
achievable if more than 25% of the Monte Carlo simulations returned a feasible solution.
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Table 3.2. Key parameters and uncertainties for each of the oxygen supply technologies.

Parameter Unit Base  Uncertainty Reference
value range

General parameters

Capital cost index®P - 1 0.7-1.3 [47]

Electricity USD kwh'! 0.13 0.06-0.17 [50]

Aerated Stirred tank reactor

Volumetric mass trans- - 1 0.7-1.3 [51]

fer coefficient index®

Compressor efficiency - 0.7 0.6-0.8 [47]

Agitator efficiency - 0.75 0.65-0.85 [47]

Pure oxygen USD MT 80 50-110 [31,52]

Submerged membrane aeration

Membrane USD m 160 60-260 [38,53,54]

Mixing kW m3 0.5 0.25-0.75 Estimation

Mass transfer coeffi- mol h'bartm? 0.2 0.05-0.3 [34]

cient

Compressor efficiency - 0.7 0.6-0.8 [47]

Agitator efficiency - 0.75 0.65-0.85 [47]

Pure oxygen USD MT 80 50-110 [31,52]

External membrane aeration

Membrane USD m 160 60-260 [38,53,54]

Mass transfer coeffi- mol htbar'm? 0.2 0.05-0.3 [34]

cient

Pressure drop Bar 3 2-4 Estimation

Compressor efficiency - 0.7 0.6-0.8 [47]

Pump efficiency - 0.7 0.6-0.8 [47]

Pure oxygen USD MT 80 50-110 [31,52]

Hydrogen peroxide decomposition

H20, (100 wt.% basis) USD MT* 950 700-1200 [43]

Mixing kW m3 0.5 0.25-0.75 Estimation

Biocatalyst H,O> toler-  mol m™ 1 0.2-2 [20]

ance

Agitator efficiency - 0.75 0.65-0.85 [47]

Catalase USD kgt 625 250-1000 [55]

2 Not including membrane cost. ® Index to change the total capital cost and overall volumetric mass transfer coefficient.
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Chapter 4

The Michaelis constant for oxygen: A
perspective on the importance for oxygen
dependent biocatalysis

The following chapter is intended for later publication.

4.1 Abstract

Oxygen dependent biocatalysis has gained significant interest for a range of industrially rel-
evant oxidation reactions. Protein engineering has enabled the development of novel enzyme
activities and improvement of existing ones. However, typically the focus has been on show-
ing improved performance in simple assays at a single oxygen concentration, with no em-
phasis on the ability of the enzyme to function under low oxygen conditions. This paper
highlights the importance of the oxygen reactivity of enzymes, which becomes important at
industrial scale due to the low operating concentration of oxygen in solution caused by the
requirement for a driving force for oxygen transfer and the low solubility of oxygen in aque-
ous media at atmospheric conditions. Finally, the possibilities to alleviate this inherent oxy-
gen limitation of many industrially relevant enzymes through process and protein engineer-
ing are discussed.
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4.2 Introduction

Biocatalytic redox reactions are gaining significant interest in the synthetic chemistry due to
their potential implementation in industrial chemistry, more specific for the synthesis of
pharmaceutical, fine and specialty chemicals [1,2]. A significant fraction of industrially rel-
evant redox enzymes are dependent on molecular oxygen as the electron acceptor, such as
oxidases, monooxygenases, and dioxygenases. These types of enzymes catalyze a range of
industrially interesting reactions, such as oxidation of alcohols to aldehydes and ketones,
hydroxylation of non-activated C-H bonds, epoxidation of C=C double-bonds, and Baeyer-
Villiger oxidations to name a few [3,4].

Although oxygen is a natural substrate for these enzymes and its reactivity with industrially
relevant enzymes generally is high, the low solubility of oxygen in water often means that
the availability of oxygen limits the catalytic rate [5,6]. This is further complicated by the
requirement for a driving force to transfer oxygen (i.e. the difference between the oxygen
concentration in solution and the saturation concentration) from the air to the reaction me-
dium, which in practice means that a process needs to be operated at an oxygen concentration
much below the solubility limit.

When protein engineering is used to develop novel enzyme activities, or improving existing
ones, the focus is naturally on the enzymes ability to catalyze the target reaction. However,
in order that an enzyme can function in an industrial setting, its other traits in the form of its
inhibition profile, reactivity with co-substrates and stability, need to be evolved to suit con-
ditions experienced in an industrial reactor [7-9]. For oxygen dependent enzymes, especially
the reactivity of the enzyme with oxygen becomes important in an industrial setting where
enzymes needs to function at low oxygen concentrations.

In this paper, we investigate the general kinetic traits of oxygen dependent enzymes, and
describe how these influence the process operation and performance. Finally, we discuss the
possibility to develop enzymes with higher oxygen reactivity that are better suited for in-
dustrial applications.

4.3 Micro- and macro-kinetic constants

The catalytic action of enzymes has been studied for decades, and many models for enzy-
matic reactions have been developed, starting with the single substrate, single product model
initially proposed by Michaelis and Menten (1913) [10,11]. The Michaelis-Menten model
has been extended to enzymes catalyzing the conversion of one or more substrates into one
or more products, including inhibitory actions by either substrates, products or external rea-
gents. Enzymes catalyzing the oxidation of a ‘primary’ substrate using molecular oxygen as
electron acceptor (such as oxidases) can typically be described using the common two-sub-
strate, two-product enzymatic models; the Ordered bi bi and the Ping-pong bi bi model (Fig-
ure 4.1). In some cases, the Random bi bi mechanism is required, where the binding of sub-
strates and leaving of products from the ternary complex do not follow a specific order.
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Figure 4.1. Cleland representation of the two most common models for two-substrate, two-product enzyme reac-
tions. A and B represent substrates, while P and Q represent products.

Many oxygen dependent enzymes require more than two substrates, e.g. monooxygenases
requiring NAD(P)H besides oxygen, or have more than two products. In such cases, more
sophisticated models are required, but typically it is possible to derive Michaelis-Menten
type rate expressions [12].

Many industrially relevant oxidases follow the Ping-pong bi bi mechanism, where the “pri-
mary’ substrate (i.e. substrate to be oxidized) reacts with the oxidized form of the enzyme,
after which the oxidized substrate leaves to obtain a reduced enzyme form that reacts with
oxygen to produce hydrogen peroxide and regenerate the oxidized enzyme (Figure 4.2). For
oxygen dependent enzymes, only the forward reactions are considered, partly because of the
relatively large amount of free energy released upon reduction of oxygen to hydrogen per-
oxide (Eo of +281 mV, AG; of -54.2 kJ mol™ [13]) and partly because hydrogen peroxide in
most cases is decomposed using catalase to avoid enzyme deactivation. The enzyme mech-
anism can therefore be divided into a reductive half-reaction where the enzyme is reduced
by the “primary’ substrate and an oxidative half-reaction where the enzyme is oxidized by
oxygen. In the following, the Ping-pong bi bi system is used as an example to discuss the
meaning of the macro-kinetic parameters of the enzymatic rate expression.

R-CH,OH
N
E == FP
H,0, k. (EA )
k4 k2
L R-CHO
(EQ==FB) ===

ks :

Figure 4.2. Catalytic cycle for an enzyme following the Ping-pong bi bi mechanism illustrated with the oxidation of
an alcohol to an aldehyde with subsequent reduction of molecular oxygen to hydrogen peroxide. The reaction is
practically irreversible due to the free energy of oxygen reduction and because hydrogen peroxide is decomposed
using catalase. The green part of the cycle is referred to as the reductive half-reaction, while the blue partis referred
to as the oxidative half-reaction. E: oxidized enzyme, F: reduced enzyme, EA/FB: Enzyme-Substrate complex,
FP/EQ: Enzyme-Product complex.
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The enzymatic rate expression can relatively easily be derived for a simple enzymatic mech-
anism such as the Ping-pong bi bi, for which the expression is given in Eq. 4.1.

ro Keat CsCo Eq. 4.1
Cer  CsCp + KmoCs + KusCo

Where ket is the rate constant, Kmo the Michaelis constant for oxygen, Kvs the Michaelis
constant for the ‘primary’ substrate, and Cs, Co, and Cer represents the concentration of
substrate, oxygen and enzyme, respectively. The parameters of the rates expression are typ-
ically referred to as ‘macro-kinetic’ constants because they are functions of the ‘micro-Kki-
netic’ constants, i.e. the rate constants of the underlying reactions. Eq. 4.2-4.4 show the re-
lationship between the macro- and micro-kinetic constants when derived using the steady-
state assumption and the King-Altman approach.

. kyky Eq. 4.2
at =k, + ky,
Ckoitky ky Eqg. 4.3
MS™ kg ky+k,
P k_s+k, Kk Eq. 4.4
Mo ks ko +ky

The macro-kinetic constants of the Ping-pong bi bi rate expression have the same physical
meaning as the parameters of the original Michaelis-Menten equation. The rate constant, Kcat,
represents the maximum velocity of the enzyme upon full saturation with both substrates
(Vmax = Keat - CeT), and the Michaelis constants the concentration of the substrate at which
half the maximum velocity is obtained, given that the enzyme is fully saturated with the
other substrate.

The resemblance to the classical Michaelis-Menten equation is also seen in the relationship
between the macro- and micro-kinetic constants. The rate constant is given by the ratio of
the product of the two catalytic rate constants (k2 and ks) to the sum of the same two rate
constants (Eg. 4.2). In other words, the maximum velocity is a function of the rate of each
half-reaction. If one is much faster than the other, the maximum velocity will be given solely
by the rate of the limiting half-reaction. The Michaelis constants are a combination of the
dissociation constants for the enzyme-substrate complex (i.e. how the single substrate Mich-
aelis constant is defined) and the ratio of the catalytic rate constant of the opposite half-
reaction to the sum of the rate constants for the two half-reactions. For example, if the cata-
Iytic rate of the reductive half-reaction (i.e. the oxidation of the ‘primary’ substrate) is in-
creased without the same relative increase of the oxidative catalytic rate, the Michaelis con-
stant for oxygen increases because a higher oxygen concentration is required to match the
increased rate of the reductive half-reaction. This in general means that fast enzymes also
have relative high Michaelis constants for oxygen, unless the affinity for oxygen has been
significantly enhanced.

Determination of macro-kinetic constants is typically done via measurements of initial rates
at varying concentrations of both substrates. For oxygen dependent enzymes this can be
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challenging, because of the difficulty of controlling the dissolved oxygen concentration at
micro-liter scale [14]. Many researchers therefore tend to only consider the kinetic constants
associated with the “primary’ substrate, and doing so at a single oxygen concentration, typi-
cally that obtained by air saturation under atmospheric conditions. In such cases the apparent
Kinetic parameters are obtained, which are a function of the true parameters and the oxygen
concentration at the experimental conditions (Eq. 4.5-4.6). Kinetic constants for the ‘pri-
mary’ substrate determined at a single oxygen concentration are typically underestimated,
since many enzymes have Kwuo values close to or above the solubility of oxygen in water
(see below). Interestingly, the bimolecular rate constant (kca/Kwms), which typically is used
to compare the ability of enzymes to catalyze a given reaction, is independent of the oxygen
concentration because the oxygen dependent terms of the apparent values cancel out. Thus,
bimolecular rate constants recorded in traditional assays are valid.

kapp _ kcat Eq. 4.5
cat 14 Ko
Co
Kapp _ KMS Eq. 4.6
MS L+ Kuo
Co

4.4 Typical oxygen reactivity of enzymes

In the scientific literature, the reaction of enzymes with oxygen has been mostly studied
when elucidating enzyme mechanisms and investigating key cellular processes, such as res-
piration [15-17]. However, documenting kinetic constants describing the oxygen reactivity
is not standard procedure when working with oxygen dependent enzymes for synthetic ap-
plications, most likely due to the challenges involved in determining these parameters using
existing equipment. Therefore, the availability of full Michaelis-Menten data (i.e. Kcat, Kwvs,
Kwmo), and not apparent values, is rather limited. Nevertheless, the BRENDA database [18]
was mined for available Michaelis constants for oxygen and corresponding bimolecular rate
constants (kcat/Kmo) in order to investigate the general oxygen reactivity of enzymes (Figure
4.3).

As previously mentioned, the solubility of oxygen in water is low at atmospheric conditions
(268 uM, 25 °C, 1 atm.). Interestingly, a large fraction (28%) of the documented Michaelis
constants for oxygen lie at or above the solubility limit, with a median of the distribution at
110 uM. This is surprising, because at first glance, the relatively high Kmo and physiologi-
cally relevant oxygen concentrations (i.e. those below the oxygen saturation concentration)
will results in a strong evolutionary pressure towards enzymes reacting faster with oxygen,
assuming that faster enzymes are beneficial for the organism. However, when considering
the apparent values for Kwo at typical concentrations of intra- and extracellular ‘primary’
substrates (i.e. the substrates to be oxidized) the picture is different. As an example glucose
oxidase, which in nature acts as a producer of hydrogen peroxide used in the breakdown of
lignin or as an antibacterial agent, has a true Kms of 110 mM and a Kwvo of 0.48 mM ( from
A. niger) [19,20]. However, in its natural environment, the enzyme will never experience
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glucose concentrations close to its Michaelis constant. When the concentration is only a
fraction of Kus the apparent Kmo will be much lower, e.g., a substrate concentration of 5
mM corresponds to an apparent Kvo of only 0.02 mM. This value is much below the solu-
bility of oxygen in water, leaving an insignificant evolutionary pressure to evolve a glucose
oxidase with higher oxygen reactivity. Similar arguments can be made for many other oxy-
gen dependent enzymes, although there one way or another always is an evolutionary pres-
sure when applying this argumentation. However, it is not always beneficial for an organism
that the catalytic velocity of nonessential enzymes approach the physical boundary, as dis-
cussed at length by Bar-Even et al. (2011) [21].
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Figure 4.3. Distribution of Michaelis constants for oxygen found in the BRENDA database [18] (489 entries) and the
corresponding bimolecular rate constants for the reaction of an enzyme with oxygen (89 entries). Figures show the
median (Md) of the fitted distribution.

Although the Michaelis constant for oxygen gives an indication of which half-reaction will
be limiting at an oxygen concentration below saturation, the bimolecular rate constant
(kcat/Kmo) is a direct measure of the reaction rate when the dissolved oxygen concentration
approaches zero, i.e. the enzyme being fully oxygen limited. The median of the oxygen bi-
molecular rate constants found in BRENDA is 4.8:10* M s (Figure 4.3), a value well
below what is typical considered the diffusion limit (108 — 10° M s™) [21,22]. In fact no
entries found in BRENDA come close to the diffusion limit, the closest being an aci-reduc-
tone dioxygenase from Klebsiella pneumoniae with a rate constant of 5.5-10° M s [23].
Interestingly, K. pneumonia is a facultative anaerobic soil bacterium and therefore poten-
tially exposed to environments with low oxygen concentration. Nevertheless, the bimolecu-
lar rate constant is far from the values seen for cytochrome oxidases in the respiratory path-
way, which exhibit bimolecular rate constants close to, or at, the diffusion limit, e.g. quinol
oxidase from E. coli with a rate constant of 2-10° M s [24]. Furthermore, the respiratory
enzymes have extremely low Kwo values (<1 uM)[17,25]. This enables these enzymes to
always have priority of any oxygen available in the cell, making perfect sense from an evo-
lutionary standpoint. Intracellular oxygen dependent enzymes therefore have to compete
with the electron transport chain for the available oxygen, which potentially could result in
intracellular enzymes having lower values of Kwo than extracellular enzymes, where the
competition for oxygen presumable is lower. There are indications that this argument could
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be valid. For example the low Kmo values of Homogentisate 1,2-dioxygenase and (4-Hy-
droxyphenyl)pyruvate dioxygenase, both being non-haem iron dependent intracellular en-
zymes (Table 4.1).

Table 4.1. Collection of kinetics constants for various oxygen dependent enzymes.

Enzyme Reaction Mechanism  Kcat Kwms Kwmo keatlKmo  Ref.
(s (mM) (mM) (M1sh)

Glucose oxidase ~ Glucose + O, - Gluco-  Ping pong 1150 110 0.48 2.4 108 [19]
d-lactone + H,0,

Lactose oxidase  Lactose + O, -> Lactobi-  Ping pong 94 0.066 0.97 9.7 10* [26]
onic acid + H,0,

D-Aminoacid  Alanine + O, > Py- Ping pong 330 2.6 3.0 1.110°  [27]

oxidase ruvate + NHsz + H,0,

Homogentisate ~ Homogentisate +O, > Ordered 16.2 0.0010 0.099 1.6 10° [28]

1,2-dioxygenase  maleylacetoacetate +
H,O

(4-hydroxy- (4-hydroxyphenyl) py- Ordered 6.8 0.0027 0.069 9.9 104 [29]

phenyl) py- ruvate + O, - homo-

ruvate dioxy- gentisate + CO,

genase

Polyphenol Ox- 2 Esculetin+ O, > 20-  Ping pong? 928 0.63 0.040 2.3 107 [30]

idase quinone + 2 H,0O

Choline oxidase ~ Choline + O, > betaine  Ordered 61 1.7 0.703 8.7 10* [31]
aldehyde + H,0,

P450cam 2 Putidaredoxinre + O, Ping pong? 66 0.0038 0.083 8.0510° [32]
- 2 Putidaredoxine +
H,O

Aci-reductone  1,2-Dihydroxy-3-keto-5-  Qrdered 260 0.052 0.047 5.5-106 [23]

dioxygenase (methylthio)pentene +
0O, - 2-keto-4-(methyl-

thio)butyrate + HCOOH

& uni uni bi uni ping pong

The evolutionary pressure exerted on enzymes and organisms containing them is a thought
provoking topic. Searching for enzymes in organisms living in environments of low oxygen
concentrations could lead to the identification of oxygen dependent enzymes with a lower
Michaelis constant for oxygen, and potentially higher bi molecular rate constant with oxy-
gen. Places to look, could be at high altitudes, in oxygen minimum layers of the oceans, or
in soils known for hypoxic environments [33-35]. In such places the evolutionary pressure
might have enabled the evolution of oxygen dependent enzymes functioning well under low
oxygen conditions, or alternatively there could be enzymes closely related to ancestral en-
zymes from periods of Earth’s history with little atmospheric oxygen (i.e. before the ‘Great
Oxidation Event* 2.4-2.1 billion years ago [36]).

The oxygen reactivity and affinity varies significantly between oxygen dependent enzymes.
Many industrially relevant enzymes, such as sugar and amino acid oxidases, show high val-
ues of Kmo relative to the solubility of oxygen in water at atmospheric conditions (Table
4.1). This can potentially limit the catalytic rates obtainable in industrial scale reactors.
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4.5 Importance of Kvo for biocatalytic oxidation processes

The conditions enzymes are exposed to in industrial biocatalytic reactions are far from those
experienced in Nature. The largest difference being the high concentration of substrate and
the corresponding high concentration of product (>100 mM) required for an efficient down-
stream process. Although, problems of substrate and product inhibition can be alleviated
using substrate feeding [37], in situ product removal [38] and cascade biocatalysis [39], the
concentrations inevitable will by significantly higher than the micro-molar concentrations
experienced in cellular environments.

Likewise, oxygen dependent enzymes applied in industrial processes will experience high
concentrations of their “primary’ substrate, whereas the concentration of oxygen will never
reach beyond the solubility limit under the process conditions. In reality, the oxygen con-
centration will be much lower than the solubility limit due to the requirement to transfer
oxygen from the gas-phase used for aeration to the liquid phase where it is consumed. The
driving force for oxygen transfer is given by the difference between the oxygen saturation
concentration and the bulk oxygen concentration (Eq. 4.7).

OTR = kya (C5* - Co,) Eq. 4.7

For highly intensified aerobic processes, such as microbial fermentation processes, the cost
of aeration (i.e. compression and stirring) is a major contributor to the final production cost
[40]. To limit the cost of oxygen transfer, a large driving force is required which results in
operation at low oxygen concentrations. Furthermore, the magnitude of the volumetric mass
transfer coefficient (k.a) is limited by the power input and aeration rate. This means that an
oxygen dependent biocatalytic process is typically limited to a productivity of approximately
100 mmol O, L't h! obtainable at a kia of 500 h* with a driving force corresponding to 80%
of saturation, when using air for aeration [41].

Oxygen concentration [mM]

Figure 4.4. Trade-off between on one hand supplying oxygen while on the other ensuring a high enzyme efficiency
(Men2), i.e. low enzyme requirement. The plot shows the effect of changing Michaelis constant for oxygen (Kmo) from
1 mM (-.) to 0.1 mM (--) for an enzyme fully saturated with ‘primary’ substrate. The oxygen transfer rate (OTR) is
based on a volumetric mass transfer coefficients (kLa) of 500 h using air for aeration.
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Hence, in an industrial reactor, the oxygen requiring enzyme will be exposed to oxygen con-
centrations much below the saturation concentration of air at atmospheric conditions. This
means, that if the enzyme has a Kwmo close to or above the solubility of oxygen in water, the
availability of oxygen will limit the catalytic rate of the enzyme. In fact, the rate of reaction
will be almost linearly dependent on the oxygen concentration in solution, because the en-
zyme will be far from saturated with oxygen, while being fully saturated with the ‘primary’
substrate. Being able to transfer oxygen from the air to the reaction media (i.e. having a large
driving force) while utilizing an oxygen dependent enzyme efficiently (i.e. being as close to
oxygen saturation as possible) represents a very important trade-off for the operation of an
oxygen dependent biocatalytic process. Figure 4.4 illustrates this trade-off for an enzyme
displaying a Kmo above the solubility of oxygen in water at atmospheric conditions. The
figure highlights the possibilities to alleviate the oxygen limitation of the enzyme either by
decreasing the Kmo through protein engineering, here illustrated by 10-fold reduction. The
figure shows how the enzyme utilization efficiency change depending on the effective oxy-
gen concentration in solution. The enzyme utilization efficiency being defined as the reaction
rate at the operating conditions relatively to the maximum rate if the enzyme was saturated
with both substrates. The enzyme utilization efficiency is directly proportional to the amount
of enzyme required to reach the required volumetric productivity.
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Figure 4.5. Effect of changing the concentration of oxygen in solution (measured as the ratio Co/ Kmo) and the
‘primary’ substrate concentration (measured as the ratio Cs/ Kms) on the enzyme utilization efficiency (nenz = r/Vmax)
for an enzyme following ping pong bi bi mechanism.

The importance of the oxygen concentration in solution depends on the Kwvo of the enzyme.
Figure 4.5 shows how the utilization efficiency of a two-substrate enzyme change depending
on the ratio of the concentration of oxygen to Kwo at different ratios ‘primary’ substrate
concentration to Kws. In industrial operations, the latter ratio is in most cases above 10°,
except if severe substrate inhibition of the enzyme is experienced. From the figure, it is clear
that a reactor needs to be operated at an oxygen concentration of at least 10 times Kvo to
avoid loss of enzyme utilization, and thus greatly increasing the amount of enzyme required
to reach a desired volumetric productivity. The extent of enzyme utilization will change
along a typical batch process as the “primary’ substrate is consumed and thus decreasing the
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dependency of the reaction rate on the oxygen concentration. However, this will typically
only happen in the very end of a batch, and thus the oxygen concentration will be dominating
the overall reaction rate, especially if substrate is continuously fed to the reactor.

4.5.1 Industrial application of enzymes with high Michaelis constants for oxygen
Ideally, protein engineers should develop enzymes with high reaction rates at low oxygen
concentrations (i.e. low Kmo) or develop enzymes based on an enzyme template naturally
showing a low Kwo value. However, depending on the limiting step of the catalytic cycle it
Is not given that it is possible to obtain low Kmo enzyme variants through directed evolution.
In cases where an enzyme with high Kwo relative to the solubility of oxygen in water has to
be applied, process engineers have to consider operating conditions in relation to the previ-
ously described trade-off between supplying oxygen and utilizing the applied enzyme effi-
ciently. The best operating conditions is defined both by the cost of supplying oxygen and
the cost of the enzyme. By applying a cost correlation for the cost of oxygen transfer as a
function of agitation and aeration rate the optimal oxygen concentration in solution was
found for different values of Kwmo and cost of enzyme at an oxygen transfer rate of 200 mmol
L h! (Figure 4.6) (based on Chapter 3). At a high price of enzyme, it is cheaper to decrease
the driving force while increasing agitation and aeration to increase the volumetric oxygen
transfer coefficient (Eq. 7). Thereby, less enzyme is required, while the cost of aeration in-
creases. When applying an enzyme with higher Kmo the benefit of increasing the oxygen
concentration is larger. However, the oxygen concentration in solution can only be increased
up to a certain point, where the agitation and aeration of the reactor is pushed to its limits,
i.e. if the concentration was further increased there would not be enough driving force for
transferring the required amount of oxygen.
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Figure 4.6. Oxygen concentration that result in the lowest total cost (oxygen supply and enzyme cost) for a 12.5
m3stirred reactor bubbled with air at a headspace pressure of 1 atm. calculated for an enzyme having a Kmo of 0.1
mM (blue), 1 mM (red) or 5 mM (yellow). Operating at an oxygen transfer rate of 100 mmol L h'%, (--) marks the
solubility limit of oxygen in water at atmospheric conditions.

Having enzymatic processes being limited by oxygen has often encouraged scientists to con-
sider alternatives to the traditional air bubbled stirred reactor, such as applying pure oxygen
for aeration, pressurization of the reactor, or applying membrane aeration (Chapter 3). Ap-
plying pure oxygen aeration or increasing the headspace pressure of the stirred reactor is
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especially advantageous when dealing with an enzyme exhibiting a high Kmo, because the
oxygen concentration in solution can be increased while ensuring a high driving force for
oxygen transfer due to the higher partial pressure of oxygen in the gas phase [6,43]. Recently,
it was concluded that there were no statistically significant direct economic benefit from
applying alternative oxygen supply methods (Chapter 3). Nevertheless, in that study the ef-
fect of the enzyme utilization efficiency was not taken into consideration. When doing so
there can in fact be a large benefit of applying pure oxygen sparging or reactor pressurization
(Figure 4.7). If applying a very cheap enzyme (250 USD kg™) there is no or little benefit of
the alternative oxygen supply methods. However, when applying an enzyme with a cost of
2500 USD kg, a price more realistic for a fine/specialty chemical enzyme [44], there can
be up to a 40% saving in combined cost of oxygen supply (covering both capital and running
costs of the reactor) and enzyme cost. The benefit of using pure oxygen or pressurization
depends on the value of Kwmo. At a high Kmo, relatively to the solubility of oxygen, the ad-
vantage will be larger than at low Kmo, where the increase in specific reaction rate when
increasing the dissolved oxygen concentration will be smaller.
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Figure 4.7. Optimization of oxygen concentration in solution (Coz) to minimize oxygen supply cost and enzyme cost
depending on price of enzyme (Cenz) and oxygen supply conditions (atmospheric headspace pressure using air for
sparging (atm), atmospheric headspace pressure using pure oxygen (95%o) for sparging (Oz), and 10 bar headspace
pressure using air for sparging (P)). The cost is normalized per kg of oxygen supplied to the reactor. The figure is
based on an enzyme having a Kmo of 1 mM.

Another interesting aspect of an oxygen limited enzymatic process, is that continuous oper-
ation of a stirred tank reactor does not result in a loss of productivity compared to a similar
reactor in batch operation. For a typical reaction, a substantial loss in productivity is expected
when operating a continuous stirred tank reactor at high conversions, because the reaction
rate is defined by the substrate concentration leaving the reactor, which will be low. The
reaction rate of an oxygen limited enzyme reaction will be almost independent of the “pri-
mary” substrate concentration (K,/s° <« Cs). Because oxygen is supplied continuously to the
reactor independently of the operational regime, the oxygen concentration and therefore the
volumetric productivity will be comparable for the two operational modes, up to high con-
versions (>95%) where the low substrate concentration could limit the enzymatic rate in
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continuous operation dependent on the value of Kus. With the above in mind, continuous
oxygen dependent biocatalysis in stirred tank reactors is possible, thereby avoiding alterna-
tive reactor configurations displaying ‘plug-flow’ behavior, which are difficult to operate
due to the biphasic flow [45].

4.6 Improving oxygen reactivity using protein engineering

The oxygen reactivity of enzymes has been extensively studied in the scientific literature to
understand the enzymatic mechanisms of oxygen activation, how enzymes avoid being oxi-
dized and inactivated by the reactive intermediates, and how oxygen is guided to the active
site [15,46-49]. Despite oxygen being a small molecule, distinct channels for oxygen trans-
fer, pockets for oxygen ‘storage’ and oxygen binding sites have been identified in many
oxygen dependent enzymes [50-52]. Interestingly, single amino-acid residues often acts as
gatekeepers for oxygen transfer through oxygen channels. For example, by changing one
such amino acid, a flavin dependent oxidase can be changed into a dehydrogenase not react-
ing with oxygen [53,54]. Along similar lines, pockets displaying high oxygen affinity have
been identified in D-amino acid oxidase, which serve as oxygen reservoirs and increase the
local oxygen concentration close to the active-site above that of the solvent, thus increasing
the reactivity of the enzyme with oxygen [55,56]. Despite the already high oxygen reactivity
(measured by the kcat/Kmo value) of many enzymes (Figure 4.3 and Table 4.1), the observa-
tions that the protein structure affects the oxygen reactivity has encouraged research into
improving the oxygen reactivity of enzymes using protein engineering. This has mainly in-
volved rational protein engineering of amino acid residues in oxygen channels or close to
the active site, which resulted in increases in oxygen reactivity of 1.4-3 fold for enzymes
already displaying high reactivity with oxygen (Kea/Kmo > 10° M? s) [50,53,56,57]. Site-
directed mutagenesis is suitable when testing hypotheses on well-characterized enzymes.
However, when developing enzymes for industrial applications, where detailed structure-
function relationships are unknown, directed-evolution approaches are typically more effi-
cient [58,59]. Nevertheless, performing the required high-throughput screening at reduced
oxygen concentrations could pose a practical challenge. For instance, one example of apply-
ing a directed evolution approach to develop an enzyme variant with higher oxygen reactiv-
ity has been reported in the scientific literature [52]. Here error-prone PCR was applied
together with an assay performed at reduced oxygen conditions (2.5%) in a glovebox. Two
rounds of mutagenesis resulted in a variant of D-amino acid oxidase with five mutations, not
in close proximity of the active-site, which displayed a 5-fold lower Kvo and a 2-fold higher
kcat/KMO-

As for enzymes in general, engineers should be careful when choosing an oxygen dependent
enzyme for further development or process implementation solely based on its bimolecular
rate constant, as this can lead to suboptimal choices [60,61]. Although, the pitfalls of using
keat/ Kmo as an indicator for enzyme performance are smaller for oxygen dependent enzymes
operating at oxygen concentrations close to or below Kuo, enzymes displaying the same
bimolecular rate constant but different performance at industrially relevant oxygen concen-
tration can be envisioned. The ideal enzyme would have a kcat/Kmo value as close as possible
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to the diffusion limit and a Kmo of approximately 1/10 of the operating oxygen concentra-
tion, i.e. a Kmo of 5 uM if operating at 20% of air saturation. Nevertheless, it is important to
consider the full kinetics of the enzyme because both the reactivity towards the “primary’
substrate and oxygen has to be taken into account. Full kinetic characterization may therefore
become a bottleneck in enzyme development due to the difficulty of varying the oxygen
concentration in standard microtiter plate measurements. Recently, we have reported a mi-
crofluidic platform capable of performing autonomous and fast characterization of oxygen
dependent enzymes, which has the potential to alleviate this constraint if made commercially
available [14].

Directed evolution approaches, preferably together with computational studies to predict tar-
get residues that potentially could alter oxygen binding and reactivity, combined with high-
throughput screening at conditions experienced in an industrial setting, i.e. high ‘primary’
substrate concentration and low oxygen concentration (<20% of air-saturation) and full ki-
netic characterization can enable faster development of biocatalysts better suited for indus-
trial applications.

4.7 Concluding remarks and future perspectives

Many oxygen dependent enzymes display a Michaelis constant for oxygen (Kwmo) in the
range of, or above, the solubility of oxygen in water at atmospheric conditions. The high
Kwmo relative to the solubility of oxygen in water means that enzymes at industrial conditions
operates at catalytic rates much below their maximum potential. Although, this can to some
extent be alleviated by using oxygen supply methods to increase the effective oxygen con-
centration in solution, such as enriched air sparging, moderate reactor pressurization, or
eventually feeding of hydrogen peroxide being degraded by catalase, the benefits in terms
of reduced enzyme requirements of developing enzyme variants with oxygen Kinetic traits
customized to fit the industrial conditions are substantial. The already high oxygen reactivity
(kcat/ Kmo) of most oxygen dependent enzymes makes further improvements difficult, but not
impossible if combining directed evolution approaches with appropriate screening condi-
tions, molecular dynamic simulations, and automated kinetic characterization of the enzyme.
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4.8 Methods

4.8.1 Mining of the BRENDA database

keat and Kwm values for oxygen were extracted from the BRENDA database using Python
(2.7.13, Python Software Foundation, Delaware, USA) and the Simple Object Access Pro-
tocol (SOAP) web service. Information for all enzymes reported as having oxygen as a sub-
strate were extracted, including all information on unnatural substrates and mutated versions
of natural enzymes. Bi molecular rate constants (kcat/Kmo) could not be extracted directly
from the database, therefore kcat values and Kwvo values were paired based on enzyme num-
ber, originating organism and comments on the entry, thus allowing the calculation of
kcat/KMO-

4.8.2 Optimal oxygen concentration and costing of oxygen supply and enzyme
Costing of reactor, compressor, and agitator including their energy requirements were cal-
culated as reported elsewhere (Chapter 3). The calculations were all performed for a 12.5 m?
reactor with a liquid filling volume of 80% of the total volume. An average enzyme was
used in the calculation, being an enzyme requiring ¥ mole of O per mole product (i.e. an
oxidase combined with catalase), following ping pong bi bi kinetics, and having a Kmo of 1
mM and a kcae 0f 1000 s2, and an enzyme size of 50 kDa. The concentration of the ‘primary’
substrate were assumed to be high enough to fully saturate the enzyme. In all calculations
the oxygen requirement was assumed to be 100 mmol L™ h'%, and the total cost of oxygen
supply and oxygen dependent enzyme were minimized by changing the oxygen concentra-
tion in solution, the agitation power input, and the volumetric air flow rate. The power input
and the volumetric air flow rate were constrained to maximum 5 W L and 2 volume per
volume per minute (vvm). Furthermore, the air flow rate was constrained to avoid flooding
of the bottom impeller. The enzyme cost was assumed to be 2500 USD kg™ unless otherwise
stated, this is a typical cost of an enzyme for applied for fine or specialty chemical production
[44]. The uncertainty of the predictions were estimated based on the uncertainties on the
input parameters using Monte Carlo simulations as explained elsewhere (Chapter 3) [62].
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Chapter 5

Automated determination of oxygen-de-
pendent enzyme kinetics in a tube-in-
tube flow reactor

This chapter is based upon an accepted research paper and its supporting information:

Ringborg RH, Toftgaard Pedersen A, Woodley JM. 2017. Automated determination of oxy-
gen-dependent enzyme kinetics in a tube-in-tube flow reactor, ChemCatChem, Accepted,
DOI: 10.1002/cctc.201700811

5.1 Abstract

Enzyme-mediated oxidation is of particular interest to synthetic organic chemists. However,
the implementation of such systems demands knowledge of enzyme kinetics. Conventional
wisdom holds that collecting kinetic data for biocatalytic oxidations is fraught with difficul-
ties such as limited oxygen supply and low oxygen solubility in water. Herein is presented a
novel method for the collection of such kinetic data using a pressurized tube-in-tube reactor,
operated in the low-dispersed flow regime to generate time-series data, with minimal mate-
rial consumption. Experimental development and validation of the instrument reveals not
only the high accuracy of the kinetic data obtained, but also the necessity of making meas-
urements in this way to enable the accurate evaluation of high Kmo enzyme systems. For the
first time, this paves the way to integrate kinetic data into the protein engineering cycle (i.e.
the cycle of protein mutagenesis followed by mutant screening/characterization).
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5.2 Introduction

Selective oxidation is one of the most important transformations in synthetic organic chem-
istry [1-3]. The importance of achieving high product yields in such transformations makes
enzymes particularly interesting as potential catalysts on account of their exquisite selectiv-
ity in comparison with their chemo-catalytic counterparts. However, for process application
it is often difficult to reach the required reaction intensity (reaction rate and product concen-
tration). In particular, issues such as low enzymatic activity, product/substrate inhibition, co-
factor regeneration and unfavorable thermodynamic equilibria need to be solved using bio-
catalytic reaction and protein engineering. These problems are commonly investigated by
studying the kinetic behavior of an enzyme under different conditions. Subsequently, using
these data, challenges in reaching the required intensity can be addressed by either protein
engineering or alternatively process engineering solutions to circumvent kinetic limitations.
However, it would be much better that solutions arise from a combination of both approaches
for the most efficient development of biocatalytic processes. Regardless of the approach
taken, enzyme improvement naturally starts in the hands of the protein engineer who typi-
cally screens for improved enzymes using single point measurements (i.e. at a single sub-
strate concentration) to go through massive quantities of enzyme variants [4]. In this way,
protein engineering is frequently able to deliver improved enzymes capable of catalyzing the
conversion of non-natural substrates [5]. However, single point measurements only reveal
apparent kinetics constants, such as the so-called specificity constant (Vmax/Kwm), which can
be misleading as the basis for selecting the optimal enzyme [6-8]. At points in development
where selection is from a smaller pool of protein variants, it would be desirable to quantify
the kinetics in full in order to have an adequate basis for deciding on the best enzyme for a
given reaction, and reactor configuration. Moreover, it is necessary to determine the activity
of an enzyme of interest over the full range of potential operating conditions in order to truly
assess the possibility of process implementation. On this premise, we suggest that compre-
hensive Kinetic investigations should be integrated into the improvement cycle of an enzyme.
In this way, it would be possible to direct screening to focus on evolving improved enzymatic
Kinetic properties, suitable for process implementation. In order to realize such a scheme, it
is beneficial to develop an automated characterization system [9].

Traditionally, kinetic characterization of enzymes has been carried out using spectrophoto-
metric assays or by generating time-series data by analyzing samples from a batch reactor
using offline analysis [9]. However, the complexity of these experimental methods is greatly
increased when characterizing oxygen dependent enzymes, due to the need for control of the
dissolved oxygen concentration. Obtaining control of the dissolved oxygen concentration
requires a steady supply of oxygen, typically via bubbling with air or molecular oxygen, and
a dissolved oxygen probe to measure the concentration in solution. Measurements of reac-
tion rates of oxygen dependent enzymes are therefore typically done in small (min. 50-100
mL) stirred reactors equipped with oxygen and/or air sparging and a dissolved oxygen probe,
determining the reaction rate using offline analysis [10]. Alternatively, measurement can be
performed in smaller vials (down to a few milliliter) equilibrated with an oxygen/nitrogen
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mixture prior to starting the experiment, following the reaction by measuring the depletion
of oxygen [11]. Both methods are labor intensive and especially the latter can be difficult to
carry out with a sufficiently precise control of the dissolved oxygen concentration. Further-
more, both methods are limited by the concentration of oxygen in water in equilibrium with
pure oxygen at ambient pressure (1.3 mM), since pressurization of standard laboratory
equipment is often not a possible. This hampers the precise determination of kinetic con-
stants, especially in cases where the Michaelis constant for oxygen (Kwmo) is close to or above
the oxygen solubility. Hence, neither of the current available methods are suitable for deter-
mining kinetics of oxygen dependent enzymes with an effort justifying characterization of
multiple enzyme variants, for example when investigating the effect of amino acid substitu-
tions on macro-kinetic constants.

Herein a new microfluidic tool for kinetic characterization of oxygen dependent enzymes is
presented, which overcomes the problems of the existing methods. The setup uses a contin-
uous flow reactor to allow full kinetic characterization of an oxygen dependent enzyme
within 24 hours of autonomous operation using only a fraction of the material typically re-
quired. The setup precisely controls the dissolved oxygen concentration without direct con-
tact between gas and liquid, thereby avoiding destabilization of enzymes sensitive to gas-
liquid interfaces, which would otherwise complicate the results.

5.3 Description of apparatus

The developed apparatus combines microfluidic technology with oxygen supply across a
gas-permeable membrane. In essence, enzyme is put in contact with an alcohol (or another
oxidizable substrate) in a tubular reactor, where the dissolved oxygen concentration is con-
stant and known, after which the extent of reaction can be quantified using a suitable detector
(Figure 5.1).

Three syringe pumps supply the liquid reaction media composed of enzyme, substrate and
buffer, to the tubular reactor. The flow rate and ratio between each of the components are
controlled carefully using computer software. The three liquid streams are mixed using a
static mixer prior to entering the reactor, thereby ensuring a homogeneous reaction mixture
in the inlet of the reactor. The reactor is a so-called tube-in-tube reactor (TiTR), which is
composed of an inner tube constructed of a material exhibiting high permeability to oxygen,
and an outer tube practically impermeable to oxygen and nitrogen [12,13]. The liquid reac-
tion mixture is pumped through the inner tube, while a mixture of nitrogen and oxygen is
supplied in the space between the two tubes using two high precision mass-flow controllers.
The gas is humidified before entering the TiTR to avoid stripping of water from the reaction
mixture through the membrane. Both the inner and the outer tube can be pressurized up to
10 bar using pressure regulators on the outlets. A defined volume (100 nL or 5 pL) of the
liquid reaction media leaving the reactor is injected into a UV-vis detector measuring the
absorbance over the full UV-vis spectrum (190-710 nm), thus allowing quantification of
substrate and/or product either by following a single wavelength or by applying chemometric
analysis to a range of wavelengths.
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The entire setup, meaning pumps, mass flow controllers, injection valve, detector, and pres-
sure regulators are all computer controlled. Thereby, fully automated operation is achieved,
where the computer software automatically changes oxygen and substrate concentrations
and collects data. This means that 30 min to 1 hour of manual labor is required for stock
preparation after which the setup runs for 16-24 hours, depending on the number of data
points required, to fully characterize an enzyme.

A significant downside of determining reaction kinetics in tubular reactors, opposed to con-
tinuous stirred reactors, is the waiting time required between each steady-state to obtain
time-series data required for determining catalytic rates. In the TiTR setup this waiting time
is minimized by applying ramping of the liquid flow and analyzing the transient change in
the substrate and product concentration [14]. This technique requires careful control of the
flow regime inside the inner tube in order to ensure near perfect plug-flow despite the lami-
nar conditions [15].
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Figure 5.1. Schematic of tube-in-tube reactor setup for automated determination of oxygen dependent enzyme ki-
netics.

5.3.1 Tube-in-tube reactor

Ley and co-workers first described the tube-in-tube reactor for the flow synthesis of carbox-
ylic acids using carbon dioxide [12]. Later, the applications have been extended to various
chemical and also enzymatic reactions using gases such as ammonia, oxygen, hydrogen, and
carbon monoxide [16—20]. The TiTR is, as in most applications described in the scientific
literature, constructed from an outer tube made of polytetrafluoroethylene (PTFE) that is
almost impermeable to oxygen, and an inner tube made of a co-polymer of tetrafluoroeth-
ylene and 2,2-bis(triflouromethyl)- 4,5-diflouro-1,3-dioxole (brand name Teflon AF-2400).
The Teflon AF-2400 has a very high permeability to oxygen and the same high chemical
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resistance known from PTFE. The small diameter of the inner tube results in a very large
surface area to volume ratio (10* m?/m3), which combined with the high oxygen permeability
of Teflon AF-2400 results in a very large oxygen transfer capability of the system (Figure
5.2). It is therefore possible to keep the dissolved oxygen concentration in the inner fiber
within 99% of the saturation concentration at a given gas phase partial pressure of oxygen,
even when running an oxygen consuming enzymatic reaction in the inner tube. Thus, precise
control of the dissolved oxygen concentration is achieved by changing the composition and
pressure of the gas supplied between the two tubes. It is however essential that the pressure
of the inner tube is always higher than the pressure between the two tubes to avoid bubble
formation in the liquid reaction media.

The length and tube diameters of the reactor were chosen to enable liquid flow rates resulting
in low dispersed flow (see Section 4.2.3) at the relatively low residence times (2-10 min.)
required for initial rate determination. A small inner diameter of 0.009” (230 um) and a total
reactor length of 3 m was chosen, resulting in a total inner fiber volume of 125 pL (the
precise volume was later determined using residence time distribution measurements).

©

3.2mm
1.6 mm

—
0.4 mm

H
0.2 mm

Figure 5.2. Cross section of the tube-in-tube reactor. White section is occupied with gas mixture and orange section
with liquid reaction mixture.

The polymer material used for fabricating the inner tube of the TiTR reactor could poten-
tially be chosen from a range of different polymers exhibiting high oxygen transfer rates,
such as PDMS and PTMSP. PTMSP in fact has gas permeabilities of up to one order of
magnitude higher than those of Teflon AF-2400 (Table 5.1). However, its chemical re-
sistance towards aliphatic and aromatic hydrocarbons limits its practical applications
[21,22]. PDMS has a much higher chemical resistance than PTMSP, but there are still sig-
nificant compatibility issues with some solvents and small hydrophobic compounds, such as
a range of amines and aldehydes [23]. The high chemical resistance of Teflon AF-2400 to-
wards practically all chemical compounds (except perfluorinated hydrocarbons) makes it the
ideal choice for constructing the inner tube of the TiTR. Furthermore, the low surface rough-
ness of fluoropolymers limits the problem of protein absorption to the membrane [24].
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Table 5.1. Oxygen and nitrogen permeability of selected polymers at 25 °C.

Material Oxygen (Barrer?9) Nitrogen (Barrer?9)
PTMSPad 9710 6890

Teflon AF-2400° 990 490

PDMSP¢ 800 400

PTFES 4.2 1.4

*[25] °[26] °[27]
4 poly(1-trimethylsilyl-1-propyne) ¢ polydimethylsilxoane fpolytetrafluoroethylene
91 Barrer = 101 cm3(STP)-cm/cm?s-cmHg

5.3.2 Substrate and product quantification

Online analysis of reaction components is a key criteria for fast and automated operation.
The suitability of detector technology depends on the reaction media and molecular species
one wants to analyze and the speed of analysis required. Typically, chemical reactions are
conducted in organic solvents where techniques such as infrared (IR) or near-infrared (NIR)
spectroscopy excel [14]. However, for reactions in water IR spectroscopy is difficult to per-
form due to the broad IR absorption of water. To measure in aqueous solutions techniques
such as ultraviolet-visible (UV-vis) absorbance or Raman spectroscopy are much better op-
tions. However, Raman spectroscopy is a very expensive technology compared to UV-vis
spectroscopy, primarily due to the requirements to fine optics and a high-quality laser [28].
UV-vis spectroscopy was therefore chosen as the analysis method for the TiTR setup, alt-
hough it limits the application to substrates and products containing chromophores that have
a difference in absorbance spectrum. Nevertheless, oxidoreductases often produce a car-
bonyl-containing product, making it relatively easy to follow the product formation using
UV-vis absorption (Figure 5.3). In some cases, as for the oxidation of 5-hydroxymethyl-
furfural to 2,5-diformylfuran, it is not possible to follow the conversion at a single wave-
length due to overlapping substrate and product absorption spectra (Figure 5.3 right). In such
cases, the substrate and product concentrations can be elucidated by applying multivariate
data analysis, such as partial least squares (PLS) regression.

In principle, the UV-vis detector can be placed directly on outlet of the TiTR in an inline
fashion. However, the volume of the flow cell in the detector (14 pL) is relatively large
compared to the liquid flow rate through the system (maximum 77.5 pL/min). Therefore, the
residence time in the flow cell would be substantial, compared to the residence time in the
reactor. This means that the measurements must be corrected for the dilution effect, which
is not straightforward due to the presumable imperfect mixing in the flow cell. Thus, inline
analysis would introduce additional uncertainty to the measurements. The current setup
therefore relies on a multiport injection valve, to collect a defined sample volume, which is
injected into the detector using an auxiliary liquid stream. This limits the sampling frequency
but increases reliability and precision.
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Figure 5.3. Left: Absorbance spectrum of 10 mM glucose (-) and gluconic acid (..). Right: Absorbance spectrum of
5-hydroxymethyl furfural (HMF) and 2,5-diformylfuran (DFF) at various concentrations. The vertical lines repre-
sents the range of wavelength on which the calibration is based.

5.3.3 Time-series data from a tubular reactor

Kinetic analysis in tubular flow reactors typically involves long waiting times between
steady states of which multiple are required to obtain initial rates. This results in large con-
sumption of materials and in inefficient use of the available apparatus. Recently, Moore and
Jensen (2014) published a novel method for obtaining concentration-time data from tubular
reactors by continuously monitoring the outlet species concentrations and manipulating the
inlet flowrate once an initial steady state was obtained. Initially the inlet flow rate is kept
constant and a steady state obtained. Hereafter the inlet flow rate is gradually decreased
while keeping the ratio between the pump speeds constant, so the inlet concentrations of
substrate and enzyme are not changed. Through careful control of the flow rate in the system,
the instantaneous residence time of each fluid element leaving the reactor is known. Each
fluid element therefore acts as a small batch reactor, whereby a concentration-time data se-
ries can be obtained by analyzing the amount of substrate and product in the reactor effluent
during the flow rate ramp. Moore and Jensen (2014) verified the reliability of this approach
for chemical reactions, while Ringborg (2016) showed the applicability to enzymatic reac-
tions.

After the initial steady state at a residence time, o, has been reached, a linear ramp in the
instantaneous residence time is initiated corresponding to a change in inlet flowrate, g, as
described by Eq. 5.1.

|78 Eqg.5.1
To + at

q(t) =

Where V: is the reactor volume, a is the slope of the linear ramp in instantaneous residence
time, and t the time measured from initiating the ramp. From this follows that the residence
time of a fluid element leaving the reactor at time t, can be described by Eq. 5.2.

T=(1-e% (%0 + t) Eq.5.2
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Eq. 5.2 only holds for fluid elements entering the reactor after initiation of the residence time
ramp. For fluid elements entering the reactor before initiating the ramp (i.e. ti < 0, ti being
the time of entrance) and leaving after ramp initiation, the residence time is described by Eq.
5.3.

1 + at
T:t—To(Eln<TOT )-1) Eq 5.3
0

Eq. 5.4 gives the entrance time of a fluid element leaving the reactor at time, t.

1 + at
= (i () 1) Ea. 54
a

To

The mathematical prove of the above equations are given in the supplementary information
of Moore and Jensen (2014). Figure 5.4 shows the relationship between the residence time
and time after initiation of the flow rate ramp for different values of a. A small a corresponds
to slow ramping of the instantaneous residence time, which gives longer experiments but on
the other hand enabling a larger data density if the analysis method is not instantaneous. This
is especially useful when applying online UV-vis spectroscopy using flow injection analysis,
which has a limited sampling frequency.

8_
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Figure 5.4. Residence time of fluid element leaving the reactor at time t after initiation of flow rate ramp.

Low dispersed flow

The flow rate ramping method assumes plug-flow behavior of the tubular reactor. Typically,
plug-flow behavior is only obtained at turbulent flow conditions, something which is nearly
impossible to obtain in micro-reactors due their small dimensions. However, at very low
linear velocities and small diffusion lengths the rate of radial diffusion becomes much faster
than the convective mass transfer in the axial direction. In other words, diffusion evens out
the parabolic flow profile, whereby near-perfect plug-flow behavior can be obtained, despite
the laminar flow regime [15]. At these conditions, the flow can be considered non-dispersed
(Figure 5.5).
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(a) (b) (9

Figure 5.5. a) Ideal plug-flow behaviour desired to simplify reactor modelling. B) Parabolic flow profile obtained
when operating in the laminar flow regime c) At non-dispersed flow conditions, small diffusion lengths and low
linear velocity, diffusion evens out the parabolic flow profile to obtain plug-flow. Adapted from [29].

The degree of dispersion can be described by the dimensionless Bodenstein number (Bo, Eq.
5.5), which is representing the ratio of convection to dispersion [15].

vL Eq. 5.5
Bo = E

Where v is the linear velocity of the liquid stream, L is the length of the reactor, and D is the
Taylor’s dispersion coefficient defined by Eqg. 5.6.

vid?  vid? Eq. 5.6
48D 48D

Where D is the diffusion coefficient, d; is the hydraulic diameter of the tube, and P is a
geometry depending parameter, which for circular tubes is 48 [30].

D=D+

At high Bodenstein numbers (Bo > 1000), the dispersion in a channel is neglectable, meaning
that near-perfect plug-flow behavior is experienced. At medium Bodenstein numbers (Bo =
100-1000) smaller deviations from plug-flow is observed, while large deviations occur for
small Bodenstein numbers (Bo < 100) [15]. For the TiTR reactor, with an inner diameter of
200 pm, this corresponds to a minimum residence time of 208 and 21 seconds to comply
with the plug-flow and small deviations from plug-flow criteria, respectively. Hence, the
residence time ramp typically is initiated from a steady state at a residence time of 120 sec-
onds and ramped to a final residence time of 300 seconds.

5.4 Result and discussion

In order to demonstrate the performance of the instrument, the well-known enzyme, glucose
oxidase (GOXx, E.C. 1.1.3.4), was selected. The GOx enzyme catalyzes the oxidation of glu-
cose to glucono-é-lactone, with molecular oxygen, which is reduced to hydrogen peroxide.
Following the enzymatic reaction, glucono-é-lactone is spontaneously hydrolyzed to glu-
conic acid, which formation can be followed spectrophotometrically. The formed hydrogen
peroxide is removed by the addition of catalase, which facilitates its instantaneous conver-
sion into water and half the stoichiometric amount of oxygen. The removal of hydrogen
peroxide forces the reaction to proceed in a unidirectional manner and also protects GOx
from oxidation. GOx has been shown to follow a ping-pong bi bi reaction mechanism
(Scheme 1) [31].
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Glucono-8
Glucose (5)  lactone (p)  O2 H,0,
E ES — FP F  FO,—= EH,0, E

Scheme 1. Cleveland representation of the glucose oxidase ping-pong bi bi mechanism. E denotes the oxidized free
form of the enzyme whereas F denotes the reduced form of the free enzyme.

The rate expression can be derived using the classical stead-state assumption and any of the
various methods for deriving enzymatic rate expressions, which all lead to the expression
shown in Eq. 5.7.
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5.4.1 Reactor volume
The determination of liquid volume of the system is of crucial importance when calculating
the residence time at a given flow rate and thereby the accuracy of the determined initial
rates. It is possible to calculate the volume based on the inner diameter of the inner tube and
the dead volume of the fittings. However, this is rather unprecise because the tolerance of
the inner tubing diameter is typically £25 um or more, which leads to a variation of volume
of £ 28.5 uL for a three meter long reactor. The volume of the inner tube and any dead-
volumes present in fittings and connections was determined by introducing a step-change in
the inlet concentration of gluconic acid and recording the residence time distribution by fol-
lowing the gluconic acid concentration in the outlet of the reactor (Figure 5.6). By integrating
the cumulative residence time distribution, the volume was determined to 155 + 1.8 pL.
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Figure 5.6. Residence time distribution experiments. Three repetitions of a step change response with a flow rate of
25 puL/min.

5.4.2 Calibration

The difference in absorbance between glucose and gluconic acid makes quantification of the
gluconic acid concentration straightforward using a single wavelength (Figure 5.3). 210 nm
was chosen as the preferred wavelength. The absorbance-time data was integrated to obtain
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a peak area, which was correlated with a gluconic acid concentration as seen in Figure 5.7.
Glucose (and the enzyme) also absorb light at 210 nm, however, the absorbance is small and
the concentration of glucose is almost constant. The contribution of such can therefore be
neglected, since only the rate of reaction is of interest and not the absolute gluconic acid
concentration.
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Figure 5.7. Calibration of gluconic acid at a wavelength A =210 nm

5.4.3 Validation of flow ramp method

The validity of the flow manipulation method for generating time-series data has been thor-
oughly validated by Moore and Jensen (2014). However, to verify that the data generated
was reliable also for enzyme catalyzed reactions, data generated using the ramp method was
compared with steady-state experiments (Figure 5.8). The steady-state data was collected
after waiting four residence times. The results show that there is little to no difference be-
tween the two sampling methods, indicating that that the low dispersed flow condition was
met and the ramping method valid.
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Figure 5.8. Comparison of running the setup in a steady state mode (0) and ramp mode (x), experiments were carried
out with 0.1 mg/mL GOx enzyme, 100 mM glucose, 0.52 mM Oz and with 100 mM potassium phosphate buffer at
pH 7.
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5.4.4 Mass transfer limitations

The high oxygen permeability of Teflon AF-2400 combined with the very large surface area
to volume ratio for the TiTR reactor (17000 m?/m?), results in very high oxygen mass trans-
fer rates, corresponding to a volumetric mass transfer coefficient of 16000 h. Calculations
show, that this enables operation at a dissolved oxygen concentration within 99% of the
oxygen solubility at the given conditions, even with a reaction in the liquid phase consuming
oxygen at a rate of more than 5 mmol L™ min™. To confirm that no oxygen limitations was
experienced, the enzyme concentration was varied while keeping the oxygen concentration
constant at 0.52 mM (Figure 5.9), which is in a range where the reaction rate of glucose
oxidase is highly dependent on the oxygen concentration. A linear dependency between en-
zyme concentration and rate of reaction was observed, as one would expect if mass transfer
does not influence the rate of reaction.
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Figure 5.9. Activity as a function of enzyme concentration at an oxygen concentration of 0.52 mM and a glucose
concentration of 100 mM.

5.4.5 Glucose oxidase kinetics

Initial enzyme rates obtained in the TiTR setup was validated by comparison with data pre-
viously published by Toftgaard Pedersen et al. (2017). In these experiments, initial rates
were measured in an aerated stirred tank reactor with adjustable oxygen/nitrogen feed. The
comparison reveals an excellent correlation between the two systems and the combined re-
sult of the experiments confirms the validity of enzyme kinetics determined in the TiTR
setup (Figure 5.10).

The fit of Eq. 5.7 to the data revealed a relatively high Michaelis constant for oxygen of 0.52
mM (Table 5.2), which also is seen from the unsaturated enzyme kinetics observed at high
glucose concentrations and atmospheric pressure (Figure 5.10). It is generally accepted, that
in order to reliably quantify Michaelis constants it is necessary to measure enzyme Kinetics
in a sufficiently large range of substrate concentrations, minimum 5-fold and preferably 10-
fold higher and lower than the true Kwm. In the TiTR setup, this was achieved by increasing
the operating pressure of the setup to six bar to increase the solubility of oxygen to 7.13 mM
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(using pure Oz at 25 °C). Enzyme saturation was thereby obtained even at the highest con-
centration of glucose (Figure 5.11), enabling a more reliable prediction of all the Kinetic
parameters (Table 5.2).
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Figure 5.10. Specific initial reaction rate vs oxygen concentration at different levels of glucose in Batch (x) and
TiTR (0). Blue — 400 mM glucose, red — 200 mM glucose, yellow — 100 mM glucose and purple — 25 mM glucose,
full lines are the model fit to the TiTR results. The experiments were carried out at pH 7, 25 °C and atmospheric
pressure. The batch data is scaled by a factor 0.79 to correct for time dependent degradation of the enzyme formu-
lation between the experiments.
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Figure 5.11. Data collected in the TiTR at 1 atm (0.14-1.3 mM 0O2) and 6 bar (0.9-7.13 mM O2) plotted and fitted

together. Blue — 400 mM glucose, red — 200 mM glucose, yellow — 100 mM glucose and purple — 25 mM glucose, 0 —
marks TiTR results, full lines are the model fit. The experiments were carried out at pH 7 and 25 °C.

Table 5.2. Parameter estimations based on different experimental data.

Parameter Batch reactor?2  TiTR TIiTR

(1 atm) (1 atm) (1 atm + 6 bar)
Keat [umol mint mg?]° 17.58 +0.62° 17.78 £ 1.39 17.82 + 0.47
Kmo [mMM] 0.45+0.04 0.51+£0.09 0.52 +0.03
Kms [MM] 73.1+6.87 75.2+9.38 74.57 £ 5.55

2From [10] ®Based on milligrams of liquid formulation ¢ The batch data is scaled by a factor 0.79 to correct for time depen-
dent degradation of the enzyme formulation between the experiments
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The TiTR setup was fully automated and computer controlled, thereby enabling characteri-
zation of an oxygen dependent enzyme within 24 hours with minimal manual labor. While
the preparation of solutions is identical for both batch and TiTR, the batch setup requires
approximately four working days of manual labor to characterize an enzyme to the extend
shown above. Furthermore, the small dimension of the TiTR system makes it possible to
collect one initial rate measurement per 1.4 mL of reaction mixture, which is much less, than
the 50-150 mL used in the alternative sparged batch setup. Overall, the TiTR system enables
faster enzyme characterization, while significantly reducing labor intensity and material con-
sumption.

5.5 Possibilities and future developments

An automated enzyme characterization tool, as described above, opens many possibilities
for oxygen dependent biocatalysis, especially if such a tool can be made commercially avail-
able to the broader community of enzymologists, protein engineers, and chemical engineers
working with the development of biocatalytic processes.

Currently, new enzyme variants are evaluated by measuring the specific reaction rate at a
single oxygen concentration (air saturation), which is far from typical operational conditions
in an industrial reactor. In an industrial reactor, the oxygen concentration is low to allow a
large oxygen transfer rate from the sparging air to the liquid reaction mixture. The oxygen
reactivity of the enzyme is therefore in many cases determining the efficiency of enzymatic
reaction, i.e. the enzyme loading required to reach a desired productivity (see Chapter 4).
Easy determination of the kinetic parameters for both the primary substrate and oxygen will
enable protein engineers to evaluate not only the ability of an enzyme to convert a given
substrate, but also the ability of the enzyme to catalyze the reaction at low oxygen concen-
trations. This will eventually allow protein engineers to develop enzymes with improved
oxygen reactivity (see Chapter 7) and ensure that enzyme variants chosen for further devel-
opment are efficient at industrial conditions. The access to precise kinetic data will also allow
chemical engineers to design the biocatalytic process at an earlier stage. This enables earlier
identification of potential process bottlenecks and more accurate cost calculations, which
simplifies target setting for biocatalyst performance metrics required as feedback to the pro-
tein engineers developing the biocatalyst.

Table 5.3. Permeability of Teflon AF-2400 for gases interesting for biocatalytic reactions. Adapted from: [27]

Gas Permeability
(Barrer?®)

Oxygen 990

Carbon dioxide 2800
Hydrogen 2200
Ethylene 350

Methane 340

Ethane 180

a1 Barrer = 101 cm3(STP)-cm/cm?-s-cmHg
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The TiTR setup is capable of characterizing the kinetics of most enzymes requiring oxygen
as long as the enzyme uses a substrate or produces a (co-)product that absorbs light in the
UV-vis range. The application is however not limited to oxygen dependent enzymes alone,
but can in principle be used to study many other enzymes requiring gaseous substrates (Fig-
ure 5.12), due to the generally high gas permeability of Teflon AF-2400 (Table 5.3). In gen-
eral, gases of synthetic potential have low aqueous solubility meaning that reliable kinetic
characterization of enzymes employing such gases as substrates will be difficult in current
state-of-the-art laboratory equipment. The TiTR setup can therefore significantly reduce the
effort required when working with enzymes such as hydrogenases requiring hydrogen, for-
mate dehydrogenases requiring carbon dioxide, ammonia lyases requiring ammonia, and
methane monooxygenases requiring methane [32-35]. Additionally, the small volume of the
TiTR system makes safe handling of toxic gases very easy.

hydrogenase

NAD(P)* + Ha NAD(P)H H*

formate

CO, + NADH + H* 2ehydrogenase onoH 4+ NAD*

RA~g + NH,  2mmonabese R\l/\R

NH,
methane
CH, + O + NADPH + H* 9% GH,0H + NADP* + H,0

Figure 5.12. Examples of other gas dependent reactions that could be characterized in the tube-in-tube reactor.

5.6 Conclusions

In conclusion, we have developed and validated an automated flow reactor system that rap-
idly and accurately determines the kinetics of oxygen dependent enzymes. Here the oxygen
level is controlled and can achieve high concentrations which are up to 25-fold higher than
what is possible using air at atmospheric conditions. It was possible to use the low dispersed
flow regime in the reactor to generate time-series data with an enzymatic catalyst despite its
low diffusivity and the resulting data were in good agreement with experiments conducted
in a batch system. The system is capable of characterizing the kinetics of any enzyme within
the oxidoreductase class EC 1, where reactions frequently results in changes to the UV-
spectra to enable quantification of conversion. The tool presented here could introduce ki-
netic characterization of oxidoreductases into the catalyst development cycle, where biocat-
alytic reaction engineering can be used to guide both process and protein engineering [9,36].
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5.7 Experimental section

5.7.1 Materials

Glucose oxidase (EC 1.1.3.4) from Aspergillus niger (Novozym® 28166) was kindly sup-
plied by Novozymes A/S (Bagsverd, DK). Catalase (EC 1.11.1.6) from bovine liver with
specific activity 3172 U/mg was acquired from Sigma Aldrich (St. Louis, MO, USA). Glu-
cose, gluconic acid, and buffer chemicals were of highest quality available from Sigma Al-
drich, VWR (Radnor, PA, USA), or Thermo Fisher Scientific (Waltham, MA, USA).

5.7.2 Experimental setup

Reaction mixture was supplied to the setup using three identical syringe pumps (Cavro XLP
6000, TECAN®, Ménnedorf, Switzerland) equipped with 100 pL syringes. The outlet of the
pumps were mixed in a micro mixer (402-0005B, ASI Corp., Richmond, CA, USA) before
entering the reactor. A defined gas mixture of nitrogen and oxygen was supplied using two
mass-flow controllers (SmartTrak 50, Sierra Instruments, Monterey, CA, USA). The gas was
prehumidified by bubbling it through a water column (constructed in-house) before the gas
entered the reactor. This ensured that the gas reached a relative humidity of 100% to avoid
stripping of water from the reaction mixture in the reactor. The tube-in-tube reactor (TiTR)
was constructed using an outer PTFE tube and an inner tube made of Teflon AF-2400, see
below. Teflon AF-2400 is an amorphous fluoropolymer made as a copolymer of 2,2-bistri-
flouromethyl-4,5-diflouro-1,3-dioxole and tetrafluoroethylene [37].

s .
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Figure 5.13. Picture of tube-in-tube reactor setup.

'Syringe pumps,.

The reactor was capable of being pressurized up to 10 bar on both the gas and liquid side
using an adjustable gas backpressure regulator (KBP1GOD4A5A2, Swagelok, Solon, OH,
USA) and an adjustable liquid backpressure regulator (ZNF1FPK-5, VICI, Houston, TX,
USA). The TiTR was submerged in a temperature-controlled water-bath. The reaction pro-
gress was followed by analyzing the composition in the liquid outlet using an UV/VIS diode
array detector (G1315A, Agilent Technologies, Santa Clara, CA, USA) equipped with a 14
pL flow cell with a 1 cm path length. Samples were injected into the flow cell using an 8-
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port actuated injection valve (VICI) equipped with two 5 pL injection loops. Mobile phase
(deionized water buffered to pH of reaction mixture) was continuously flushed through the
flow cell using an HPLC pump (Smartline 100, 10 mL ceramic pump heads, KNAUER,
Berlin, Germany). The detector was not installed in-line because of dilution effects in the
flow cell, i.e. the flowrate relative to the volume of the flow cell results in a system with a
response time greater than the change induced by the reduction in flow rate.

Control of syringe pumps, oxygen and nitrogen flow rate, injection valve and the detector
was automated using LabVIEW (National Instruments, Austin, TX, USA).

Tube-in-tube reactor

The TiTR design, with various dimensions depending on the application, has been described
in detail in several scientific publications [12,13,17,20]. The TiTR used in this work was
constructed from a small diameter Teflon AF-2400 tubing (I.D. 0.23 mm, O.D. 0.41 mm,
Biogeneral Inc., San Diego, CA, USA), to obtain low-dispersed flow even at low residence
times. The inner Teflon Af-2400 was encased by PTFE tubing (1.6 mm 1.D., O.D. 3.2 mm,
BOLA, Grinsfeld, Germany), practically impermeable to oxygen and nitrogen. The two
tubes were each three meters long. The inner diameter of the outer tube was selected to
provide a relatively large cross sectional area. This ensured that the gas-side pressure drop
across the reactor was minimal and enabled the precise control of the gas-side pressure to
ensure a uniform dissolved oxygen concentration along the entire length of the reactor. On
the other hand, a liquid-side pressure drop of up to one bar could not be avoided. However,
as long as the liquid-side pressure is maintained well above the gas-side pressure no gas
bubbles are formed in the liquid stream, and the dissolved oxygen concentration can be con-
trolled solely by the gas-side partial pressure of oxygen.

PTFE 1/8"
L
F-243 o p-713 /
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HPLC féting L‘—H"”’\ ‘ \ \

P-200 P-335  AF-2400
XP-201 P-300

Figure 5.14. Final assembly of either end of the TiTR reactor. Orange line represents the inner Teflon AF-2400
fibre.

The construction of the TiTR is straightforward and possible with of-the-shelf components.
The most critical step was to ensure an air and liquid tight inlet and outlet connection. The
T-connection merging the gas and liquid lines into the tube-in-tube reactor was constructed
with the following fittings (IDEX-HS, Lake Forrest, IL, USA): T-connector for 1/8” tubing
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(P-713), which included nuts for 1/8” tubing (P-335) and ferrules for 1/8” tubing (P-300),
nuts for 1/16” tubing (XP-201), ferrules for 1/16” tubing (P-200), and tube sleeve (1.D. 0.46
mm, O.D. 1.6 mm, F-243). The final assembly can be seen in Figure 5.14.

5.7.3 Protocol

Pumps were initially primed with the designated substrate, buffer and enzyme solutions, and
were thereafter set to run continuously to reach steady state. In parallel, the mass-flow con-
trollers were set to produce a defined mixture of oxygen and nitrogen. To ensure steady state,
the system was set to wait a total of three residence times for all set points. After which a
sample was injected into the detector, and the ramp method initiated. The method gradually
lowers the flow rate, without changing the inlet concentration any component, from the ini-
tial steady state value to increase the residence time. By analyzing the output of the reactor,
precise time series data can be obtained. The slope of the residence time ramp, a, was set to
0.5 in all experiments reported in this work and the ramp in flow rate was run for 15 min.
(real time) generating data from a residence time of 2 min. to 10 min. Samples were collected
every minute resulting in 11 samples for each initial rate experiment. The flow rate for each
syringe pump and percentage of oxygen in the gas was controlled by LabVIEW, which au-
tomatically changed the set-point according to a predefined list of set-points.

Samples were analyzed on the diode array UV/Vis detector. Before a sample was injected,
the detector was balanced and zeroed. Once it reported ready, the injection valve was turned
to inject a sample using the flow of the mobile phase. Thereafter, spectral data was collected
over time with a frequency of 20 Hz whereby 3-dimensional (time-wavelength-absorbance)
data was obtained. The absorbance was measured from 210 to 600 nm with a slit width of 4
nm and a step width of 1 nm.

To characterize an enzyme, three stock solutions were made — one containing 0.5 mg/mL
glucose oxidase in buffer, one containing buffer, and one containing 500 mM glucose in
buffer. All solutions were buffered to pH 7.0 using 100 mM potassium phosphate buffer.
The enzyme solution was pumped at a constant ratio of 1/5 of the total flow rate through the
reactor, while the ratios of buffer and glucose solutions were varied according to the glucose
concentration set-point. The total gas flow was kept constant at 1 NL/min, while the volume
fraction of oxygen in the gas was varied from 5-100%. For the experiments reported, the
reactor was left to run at atmospheric pressure and in a separate experiment pressurized to 6
bars.

Data handling and parameter estimation was performed in MATLAB (MathWorks, Natick,
MA, USA). Initially, the raw data from LabVIEW was converted to concentrations by using
a calibration model. A linear model was fitted to the concentration-time data to obtain the
initial rate as the slope. The data was discarded if the linear model was not describing the
data sufficiently well (R? < 0.9). The parameters of the enzyme kinetic model (ping pong bi
bi) was estimated using non-linear least square regression taken into account the uncertainty
of the initial rate data.
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Chapter 6

Process requirements of galactose oxi-
dase catalyzed oxidation of alcohols

This chapter is based upon a published research paper and its supporting information:

Toftgaard Pedersen A, Birmingham WR, Rehn G, Charnock SJ, Turner NJ, Woodley JM.
2015. Process requirements of galactose oxidase catalyzed oxidation of alcohols, Organic
Process Research and Development 19(11):1580-1589

6.1 Abstract

Biocatalytic oxidation reactions have the potential to substitute many chemically catalyzed
oxidations in the pharmaceutical and fine chemical industry due to their superior regio- and
stereo-selectivity and low environmental impact. Galactose oxidase (GOase) has been shown
to be a promising biocatalyst for the oxidation of primary and secondary alcohols to their
corresponding aldehydes and ketones respectively. However, GOase requires a number of
additives to sustain its catalytic function, such as the enzyme catalase for degradation of the
by-product hydrogen peroxide as well as single electron oxidants to reactivate the enzyme
upon loss of the amino acid radical in its active site. In this work the addition of catalase,
single electron oxidants, and copper ions was investigated systematically in order to find the
minimum concentrations required to obtain a fully active GOase. Furthermore, it was found
that the concentration and type of buffer is essential for the activity of GOase, which was
significantly more active in sodium phosphate buffer than in other buffers investigated. En-
zyme stability and oxygen requirements are of crucial importance for the implementation of
oxidase based processes. GOase was shown to be completely stable for 120 h in buffer with
stirring at 25 °C, and the activity even increased 30% if the enzyme solution was also aerated
in a similar experiment. The high Ku for oxygen of GOase (>5 mM) relative to the solubility
of oxygen in water reveals a trade-off between supplying oxygen at a sufficiently high rate
and ensuring a high degree of enzyme utilization, i.e. ensuring the highest possible specific
rate of reaction. Nevertheless, the good stability and high activity of GOase bode well for its
future application as an industrial biocatalyst.
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6.2 Introduction

Oxidation reactions are one of the most important types of reactions in industrial chemistry.
Bulk industrial scale oxidations are frequently conducted using noble metal catalysts and
readily available oxidants such as molecular oxygen or hydrogen peroxide [1]. In contrast,
the pharmaceutical and fine chemical industry mainly employs stoichiometric amounts of
inorganic oxidants to supply the required redox equivalents. However, these reactions typi-
cally have poor selectivity and a large environmental impact due to extensive waste genera-
tion, the use of solvents with a poor environmental profile and the requirements for addi-
tional synthetic steps for protection and deprotection of labile functional groups [2,3]. Bio-
catalysis may help to overcome many of the limitations experienced in the fine chemical
industry, as a result of the regio- and stereo-selective nature of enzymatic reactions and their
environmentally benign operating conditions [4,5]. In nature, redox reactions are catalyzed
by oxidoreductases (EC 1), such as dehydrogenases, oxygenases, oxidases, and peroxidases,
and include several reaction types of high industrial importance.

@ Goase @\/

Figure 6.1. Examples of oxidations catalyzed by galactose oxidase (GOase) a) Oxidation of galactose. b) Oxidation
of benzyl alcohol.

The copper dependent enzyme galactose oxidase (GOase, EC 1.1.3.9) is an example of an
industrially relevant oxidase that naturally catalyzes the oxidation of the C6 hydroxyl group
of D-galactose to the corresponding aldehyde, while simultaneously reducing molecular ox-
ygen to hydrogen peroxide (Figure 6.1a) [6—8]. GOase and mutants thereof, catalyze oxida-
tions of a wide range of substrates with potential industrial application [9,10]. Firstly, GOase
can be used to modify naturally occurring polysaccharides with terminal galactose moieties
(or other saccharides through GOase mutants) by oxidizing the C6 hydroxyl groups and en-
abling further chemical or enzymatic modifications of the aldehyde such as amination [11-
14]. Secondly, GOase can be applied in the synthesis of a range of industrially relevant
compounds containing ketones and aldehydes, such as diformylfuran obtained by selective
oxidation of 5-hydroxymethylfurfural [15,16]. Finally, GOase mutants able to enantioselec-
tively oxidize secondary alcohols enable the use of the enzyme for kinetic resolution of ra-
cemic mixtures of secondary alcohols [17].
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The substrate specificity of wild-type GOase is rather restricted, accepting galactose con-
taining polysaccharides and also some primary alcohols such as dihydroxyacetone and ben-
zyl alcohol [10,18]. A great effort has therefore been put into modifying galactose oxidase
via mutagenesis to broaden its substrate specificity [17,19,20]. A variety of altered substrate
specificities for GOase variants have been reported in the scientific literature, such as in-
creased galactose activity [20], novel glucose 6-OH activity [21], increased fructose 6-OH
activity [19], increased activity on mannose and N-acetylglucose [22] and activity towards
a range of secondary alcohols [17,21]. A particularly interesting GOase mutant is the Mz
variant described by Escalettes and Turner [17], which is able to selectively oxidize the (R)-
enantiomer of secondary benzylic alcohols to the corresponding ketones. Mzs GOase is ca-
pable of accepting a range of primary and secondary alcohols, and compared to the wild-
type enzyme, the activity towards non-polar substrates is significantly increased.

The GOase used in this study was produced intra-cellularly in E. coli and is therefore not
loaded with copper during the fermentation and expression, due to the toxicity of copper
towards E. coli at the concentrations required to ensure full saturation of GOase. After cell
disruption and centrifugation, copper can be loaded into the apoenzyme through dialysis
against copper containing buffer or more simply by adding copper(l/11) salts to the reaction
mixture [23,24]. The two electron oxidation catalyzed by GOase is accomplished by an ac-
tive site comprised of a tyrosine radical coordinated to a copper(Il) ion, which during oxida-
tion of the substrate is reduced to a non-radical tyrosine copper(l) complex (Figure 6.2) [7,8].
Subsequently, copper is reoxidized and the radical reformed by reduction of molecular oxy-
gen to hydrogen peroxide. The tyrosine radical readily undergoes single electron reduction
to form an inactive non-radical copper(ll) complex. The inactive form of GOase can be re-
activated by further reduction to form the active copper(l) complex, or reformation of the
radical by single electron oxidation [7]. In practice, only reoxidation, and not further reduc-
tion, of the inactive state is performed to ensure a fully active enzyme, typically using mild
chemical oxidants such as potassium ferricyanide (Ks[Fe(CN)s]). However, it has also been
shown that protein based single electron oxidants such as peroxidases can regenerate the
active radical center [25,26]. Hydrogen peroxide formed during catalysis has been shown to
inhibit and inactivate GOase [27,28], thus removal of hydrogen peroxide is a necessity for
enzymatic function. This is most effectively done using catalase, which breaks down one
mole of hydrogen peroxide to one mole of water and half a mole of oxygen. This reduce the
stoichiometric oxygen requirements of the overall reaction by half and hence the oxygen
requirements of the process.

As more chemical and biological additives are required to ensure an effective biocatalytic
process, process development and implementation becomes more complicated. Despite the
complexity of the reaction system a systematic investigation into the requirements of addi-
tives for GOase is lacking in the scientific literature. Therefore the present study has inves-
tigated the role of additives required for a successful biooxidation reaction based on GOase,
and the implications these have on process development and implementation. To do this,
the oxidation of benzyl alcohol to benzaldehyde was used as a model system (Figure 6.1b),
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since it displays many of the challenges associated with other more industrially relevant
reactions, such as low solubility of substrates/products, volatile reaction components, unnat-
ural substrates for the enzyme, and requirements for sufficient oxygen transfer. The investi-
gation focused on two different enzyme purity levels: one being highly purified enzyme as
it normally is used in early stage protein characterization, and the second being a crude cell-
free extract, which is a type of preparation more relevant for industrial scale application.
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Figure 6.2. Catalytic cycle of GOase including the reduction to the semi-oxidized inactive form. The active site is
simplified to only shown the copper-Tyr272 coordination. Adapted with permission from reference 8. Copyright
(2003) American Chemical Society.

Oxygen supply is essential for oxygen dependent enzyme catalysis and can become a limit-
ing factor upon scale-up of biocatalytic oxidation reactions [29]. Additionally, the supply of
oxygen through bubbling with air may significantly increase the deactivation rate of some
enzymes [30-32]. Analysis of the enzyme stability in the presence of a gas-liquid interface
and the influence of the oxygen concentration in solution on the reaction rate is therefore
essential when evaluating the potential of a biooxidation process. In the present work, this
analysis has been performed for GOase based on experimental data for the model system
studied.

6.3 Results and Discussion

6.3.1 Purified Enzyme

pH Optimum

The optimum pH for GOase Mas.s was determined in a standard liquid phase horseradish
peroxidase (HRP) /ABTS coupled assay, varying only the reaction pH from 6.0 to 8.0 in
sodium phosphate buffer (NaPi). The highest activity was observed at pH 7.0-8.0 for oxida-
tion of benzyl alcohol (Figure 6.3a). Given this activity range, all subsequent experiments
with both purified GOase and GOase in crude lysate were performed at pH 7.4.



6.3 Results and Discussion 109

a 110 b

4

Relative activity (%)
© S
(=] L=
L PR ST WU (S T T S Y
Initial rate (mmol/L/min)

co
o
1

70 e Trrrrrrers Trrrrrrere rrrrrrrrTeT 1
5 6 7 8 9 0 20 400 600
pH HRP concentration (U/L)

Figure 6.3. a) Effect of pH on the activity of purified GOase in 50 mM NaPi. b) Effect of two different isoenzymes
of horseradish peroxidase (HRP) on the activity of purified GOase. Type I (x), Type IV (o).

Activation by horseradish peroxidase

HRP has long been known to activate GOase [26,33]. Although the mechanism of the phe-
nomenon is not fully understood, it can nonetheless be exploited as a means of increasing
GOase activity to shorten conversion time in a biocatalytic reaction. Because a high require-
ment of HRP could potentially be cost prohibitive for a scaled process, it is of financial
interest to identify the minimal amount of HRP required to fully activate GOase. Type IV
HRP is a common form of HRP used in coupled assays with a chromogenic substrate to
monitor the formation of H>O». Type | HRP, an isoenzyme form of HRP, was used as a
comparison for activation of the purified enzyme. Because of the low and varied amount of
HRP used in the activation experiments, a typical HRP/ABTS assay could not be used to
measure GOase activity. Instead, titration of GOase activation by HRP was performed in a
cuvette-based assay measuring the formation of NADPH through oxidation of the benzalde-
hyde product to benzoic acid by an aldehyde dehydrogenase. Activation of 0.0078 mg/mL
GOase M3.s reached maximum of initial rate of 0.15 mmol/L/min in the presence of 365 U/L
type IV HRP, while 291 U/L of type | HRP was needed to reach the same level of activity
(Figure 6.3b). This is compared to an initial rate of 0.0094 mmol/L/min in the absence of
HRP. In addition to demonstrating the ability of different types of HRP to activate GOase,
the 16-fold increase in specific activity over the samples with no HRP present shows that
activation is essential for a high rate of catalysis.

Effect of H.O2 and protection by catalase

Previous studies have demonstrated that the wild type GOase is irreversibly inactivated by
H202, accumulating as a by-product of alcohol oxidation, although inactivation only occurs
during catalysis and the enzyme is actually stable when exposed to H20. under resting con-
ditions [28]. To confirm that these observations similarly apply to the GOase M35 construct
containing a series of mutations, where of particular concern is the addition of an oxidizable
active site methionine residue, the enzyme was incubated in the presence of various concen-
trations of H>O, and then assayed either with H>O> present or after removal by catalase.
Specific activity measurements clearly indicate a loss in GOase activity in a concentration
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dependent manner only when H20 remains in the reaction during catalysis (Figure 6.4a).
The samples that were treated with catalase showed increasing activity with increasing con-
centration of H2O: that initially suggested another form of activation event within this sys-
tem. However, this activity increase was the result of higher concentrations of dissolved
oxygen in the buffer after H,O, was eliminated by catalase (Figure 6.4a). The effect of cat-
alase in the biocatalytic reaction was demonstrated to be two-fold, first providing protection
against activity loss by removing H202, and second through regeneration of dissolved oxy-
gen to continue alcohol oxidation.
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Figure 6.4. a) Effect of hydrogen peroxide on the activity of purified GOase. GOase was incubated with indicated
concentrations of H202 for 10 min, after which the reaction was started by addition of substrate (x), catalase (to
break down all H202) and then substrate (®), catalase and additional H202 to bring the total addition up to 10
mM, and then substrate (A). b) Effect of catalase and horseradish peroxidase (HRP) on conversion of 25 mM benzy!|
alcohol. (¢) HRP and catalase added, (¢) catalase but not HRP added, (m) no catalase or HRP added, (A) HRP but
no catalase added, (x) HRP added, catalase added after 1.5 h.

Analytical scale biocatalytic reaction

As a first step toward translating the above parameters to a production setting, the effect on
conversion rate of several of these variables was examined in analytical scale biocatalytic
reaction with purified enzyme. Oxidation of benzyl alcohol to benzaldehyde was monitored
over time in small scale reactions with, and without, HRP present to activate GOase, as well
as with, and without, catalase present to remove H.O> and regenerate oxygen (Figure 6.4b).
Excluding HRP resulted in a significant loss in initial conversion rate (11% of 25 mM benzyl
alcohol at 30 min point) compared to the optimized reaction with both HRP and catalase
present (48% conversion at 30 min). In the absence of catalase, GOase lost all activity within
30 min, and only minimal (=2%) conversion was observed in the samples that contained
neither HRP nor catalase. Under optimized conditions (with HRP and with catalase) 95%
conversion to benzaldehyde was achieved after 2 h. The conversions over time for each set
of experiments verified the results observed in the initial rate experiments, proving that
GOase activation and inactivation processes are extremely important considerations for con-
tinued productive oxidation of alcohols by this biocatalyst.
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While the above experiment conclusively shows that H>O> has an effect on GOase activity,
it does not clearly indicate if the effect is due to GOase inhibition or deactivation. To distin-
guish between these two potential modes of action, samples were prepared initially without
catalase so that H2O> could accumulate, then catalase was added after 1.5 h of reaction to
remove the detrimental compound. If H20; acts to inhibit GOase, removal by catalase would
have been expected to recover benzaldehyde production. Instead, we found that no activity
returned after removal, confirming that H>O- directly deactivates GOase.

6.3.2 Cell-free extract

CFE characterization

The activity of cell free extract was found to be 3.8 U/mg under standard assay conditions,
corresponding to 4.9% of the activity obtained when using purified GOase (77.5 U/mg). This
correlates well with a protein yield of 4-5% by weight from STREP-tag purification and
estimations of protein content from bicinchoninic acid assay (BCA) quantification of total
protein (0.45 mg/mg CFE) and SDS gel band density (data not shown). The CFE did not
contain peroxidase activity when measured using ABTS and H202. However, the CFE
showed some catalase activity in a simple qualitative measurement through observing bub-
ble formation upon H20, addition. The CFE was lyophilized from NaPi buffer, pH 7.4, at a
concentration corresponding to 0.17 mM at 100 mg CFE/L.

Requirements for copper and single electron oxidants

GOase in CFE formulation was loaded with copper by adding CuSQOs directly to the reaction
mixture. Figure 6.5 shows the dependence of the initial rate of reaction on the amount of
added CuSOsa. Initially the reaction rate increased almost linearly with the concentration of
Cu?* until an apparent optimum was reached at 15 uM (for 100 mg CFE/L), after which the
initial rate dropped to reach a constant plateau at approximately 80% of the maximum rate.
One would expect the profile to follow the normal binding curve, due to the equilibrium
between copper in the active site and copper in solution. The observed results may be caused
by interactions between other constituents of the system, such as inhibition of HRP by Cu?*
that previously has been reported in the scientific literature [34].
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Figure 6.5. Effect of copper sulfate on reaction rate in 4 mL vials at 100 mg/L (e), 200 mg/L (A), and 500 mg/L (x)
of CFE GOase
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The apparent optimum Cu?* concentration increased with increasing concentration of CFE
and was found to be 15, 25, and 35 uM for 100, 200 and 500 mg CFE/L, respectively. The
low concentration of GOase (=0.35 uM enzyme at 500 mg CFE/L) will not significantly
reduce the concentration of Cu?* in solution by binding in the active site, and hence not the
concentration at which the enzyme is fully loaded. Sequestering of Cu?* by cell debris and
other proteins in the CFE is therefore a more likely explanation for the increase in the optimal
CuSO4 concentration with increasing concentration of CFE. An additional note is that the
initial rates do not scale with enzyme concentration. This is likely due to the high Kwu for
oxygen (>3 mM) [27] relative to the solubility of oxygen (0.268 mM, air at 1 atm, 25 °C)
[35], implying that even a small change in oxygen concentration will have a large effect on
the reaction rate. Conversely, an increase in enzyme concentration will therefore not result
in a proportional increase in reaction rate, due to oxygen transfer limitations resulting in a
lower concentration of oxygen in the vial.

As shown previously, single electron oxidants such as HRP are crucial for ensuring a fully
activated GOase. Inorganic oxidants such as potassium ferricyanide are an alternative to
protein based oxidants. HRP reactivates the enzyme presumably by utilizing the hydrogen
peroxide formed in the oxidation reaction, and is therefore only required in catalytic
amounts. On the other hand, potassium ferricyanide is required in stoichiometric amounts,
and a minimum concentration is necessary to reach the redox potential required to ensure
that all the GOase is fully activated. Figure 6.6 shows the effect of different amounts of
horseradish peroxidase (HRP) or potassium ferricyanide at different CFE concentrations. By
adding only small amounts of HRP the initial rate increased several fold, until an apparent
optimum was reached at a HRP concentration of 40 U/L, independent of the GOase concen-
tration. Surprisingly, the smooth increase in activity seen when using purified GOase (Figure
6.3b) was not observed when CFE was applied. Additionally, the CFE requires much less
HRP than the purified enzyme to reach full activation (40 U/L vs. 291 U/L). This suggests
that the optimum is caused by interactions between HRP and components present in the CFE,
and that these interactions enhance the ability of HRP to activate GOase, however this pro-
cess remains unclear. In the case of potassium ferricyanide the activity of GOase increased
with increasing ferricyanide concentration until the enzyme was fully activated in the pres-
ence of 10 mM ferricyanide. The fully activated enzyme using potassium ferricyanide dis-
played an initial rate of 0.17 mmol/L/min (100 mg CFE/L), which is identical to the rate
observed when using the optimum HRP concentration. This indicates that the optimal value
seen when using HRP for activation does in fact correspond to a fully active enzyme.

If CFE is subjected to the same HRP titration assay used to measure the activity of purified
protein, no dependence on HRP concentration can be observed, i.e. the enzyme appears fully
activated without addition of HRP. However, after incubating CFE with CuSO4 for 15 min
before initiating the reaction, the initial activation effect disappears and the reaction rate
drops to zero in the absence of HRP. This is also seen in the longer assays used for CFE
characterization, where linear initial rates (5-15 min) are not seen for HRP or ferricyanide
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concentrations below 10 U/L and 0.02 mM, respectively. These results confirm that the ty-
rosyl-radical is formed immediately upon copper loading to successfully generate the active
enzyme [24], and, since this happens just prior to reaction, there is no time for the radical to
decay as in the case for the copper loaded purified enzyme. However, the radical is not in-
definitely stable even under conditions where substrate is available to oxidize, so the pres-
ence of an oxidant is still required to reactivate GOase to maintain activity for the full dura-
tion of the biocatalytic reaction.
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Figure 6.6. Effect of single electron oxidation on the activity of GOase. a) Effect of horseradish peroxidase (HRP)
at a GOase concentration of 100 mg/L (), 200 mg/L (A), and 500 mg/L (x). b) Effect of potassium ferricyanide
(Ks[Fe(CN)s] ) at a GOase concentration of 100 mg/L (e), 200 mg/L (A), and 500 mg/L (x).

Buffer system

Influence of ions and ionic strength on enzyme activity and stability is a well-established
phenomenon [36]. Different salts affect the enzyme stability and activity through the inter-
action with charged groups on the protein and the essential water molecules surrounding the
protein molecule [37]. The interaction between ions and GOase has primarily been limited
to studies investigating the inhibitory effect of ions that bind to the active site, such as cya-
nide and azide [18,38]. In general, few observations regarding the effect of ionic strength,
buffer concentration or buffer type have been published, most likely because most ions do
not affect the enzyme function of wild-type GOase. Interestingly, Saysell and co-workers
[39] studied the interaction between a Trp290His GOase mutant with six different buffers.
Here it was shown that buffers containing free OH groups (such as phosphate) interact with
the inactive semi-reduced form of the Trp290His mutant, whereas no interaction was seen
for the wild-type. The interaction can be ascribed to a shielding effect of the active site by
Trp290, which is significantly reduced when the tryptophan is exchanged for histidine,
thereby leaving the active site accessible to solvents that can interact with the copper center
[39]. Despite identifying the interaction, the positive or negative effects on enzyme activity
of these interacting buffers was not investigated. In an analogous way to the histidine mutant,
the Trp290Phe mutation in GOase M35 may be expected to show a similar effect from buffer
interactions. However, analysis of crystal structures suggest that the shielding of the active
site is just as effective for the Trp290Phe mutant as for the wild type [40]. Despite this, a
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significant impact of the buffer identity and concentration on the activity of Mz.s GOase was
identified in the present study (Figure 6.7). lonic strength appears to be crucial for the activ-
ity of GOase, and for all investigated buffer types the activity initially increased with in-
creasing buffer strength. For diglycine (GlyGly)/NaOH buffer, 3-(N-morpholino)propane-
sulfonic acid (MOPS)/NaOH, and NaPi a stable plateau was reached, while the activity when
using N-ethylmorpholine (NEM)/HCI decreased at higher buffer concentrations. Interest-
ingly, the activity in NaPi increased much more than in other buffer systems, the reason for
this could be the free OH group of phosphate interacting with copper in the active site as
suggested by Saysell and co-workers for the Trp290His mutant. Attempts to reach the same
activation effect seen by NaPi using other inorganic salts (such as NaCl) only had a limited
effect (data not shown). A buffer system using the conjugated NEM acid/base pair and using
MOPS to adjust the ratio follows the same behavior as the NEM/HCI system (data not
shown), which suggest that it is primarily NEM and not chloride ions that inhibits GOase.
The reason for the decrease in activity could be complexation between amines and Cu?",
however, according to the scientific literature tertiary amines with substituents consisting of
two or more carbon atoms are too sterically hindered to chelate [41].
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Figure 6.7. Effect of buffer type on initial activity of GOase at pH 7.4. Sodium phosphate (o), diglycine (Gly-
Gly)+NaOH (x), 3-(N-morpholino)propanesulfonic acid (MOPS) +NaOH (o), N-ethylmorpholine (NEM)+HCI (A).

Enzyme kinetics and stability

The catalytic mechanism of GOase can be described by the ping-pong bi bi mechanism,
where the alcohol substrate is oxidized in one catalytic half-reaction followed by reoxidation
of the enzyme by reduction of oxygen to hydrogen peroxide in a second half-reaction (Figure
2) [42-45]. There are only a few studies in the literature that report all kinetic constants for
galactose oxidase — these being Keat, Kms, and Kmo. In studies where only the alcohol sub-
strate is varied the reported kcat and Km values will only be apparent values making it difficult
to compare results obtained in different studies since the oxygen concentration is not neces-
sarily identical. Kwiatkowski an co-workers [27] investigated the oxidation of galactose at
20 °C and reported a kcat 0f 1180 s%, a K for galactose of 175 mM and a Kvo of 3 mM, the
last value reported as uncertain since full saturation of the enzyme could not be achieved
under the experimental conditions. Furthermore, the values are derived based on the ordered
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bi bi mechanism, an assumption that later has been refuted [43,44]. A more precise meas-
urement of Kmo was achieved by Humphreys and co-workers [45] by performing the reac-
tion at 10 °C, hereby decreasing the reaction rate and the concentration of oxygen at which
enzyme saturation was observed. At this temperature the Kmo was determined to be 0.44
mM, while the Kear and K for 1-0-methyl-a-D-galactopyranoside was 1165 s and 144 mM,
respectively. For the oxidation of benzyl alcohol using GOase Ms.s cell lysate, our initial
investigation suggests a Kmo >5 mM, a Ku for benzyl alcohol of 150 mM and a kcat of =50
U/mg CFE.
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Figure 6.8. a) Stability of GOase in 50 mM NaPi pH 7.4 exposed to stirring (250 rpm, two Rushton turbines) with
aeration (air; 0.5 vvm) at 25 °C (@) and stirring without aeration at 25 °C (A). (--) The average value in the interval
3-122 h. b) Bioconversion of 50 mM benzyl alcohol (e) to benzaldehyde (A) in a sparged bioreactor (250 rpm
stirring, aeration using air at 1 vvm) using 500 mg CFE/L, 800 U HRP/L, 50 pM CuSOs, and 100 mM NaPi pH 7.4.

The stability of GOase has not attracted much attention in the scientific literature, even
though it is of great importance for the implementation of GOase in industrial processes. Sun
and co-workers [20] describe a GOase mutant that shows increased thermostability and long
term stability over the wild-type. The mutant retained 80% of the initial activity after 8 days
of storage at room temperature in the presence of catalase and CuSOs, as opposed to the
wild-type that lost 50% after 8 days under identical conditions. Figure 6.8a shows the stabil-
ity of GOase Mz CFE during five days of stirring at 25 °C in 50 mM NaPi, pH 7.4. The
stability of GOase was investigated both with and without bubbling with air, since gas-liquid
interfaces previously have been shown to deactivate certain enzymes [31,32,46]. GOase did
not lose activity during the period investigated, even when exposed to aeration rate of 0.5
vvm (volume/volume/min), a typical value employed at industrial scale. In fact, the bubbling
apparently activated GOase during the first 6-9 h, after which a stable plateau was reached
with an apparent activity that was 30% higher than the activity of the enzyme not exposed
to bubbling. The oxygen concentration was approximately the same in the two systems and
the evaporation of water was negligible (<2%/day). The increased activity can therefore not
be explained by a higher initial oxygen concentration in the assay or increased enzyme con-
centration due to evaporation of solvent.
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Figure 6.8b shows a typical biocatalytic oxidation of 50 mM benzyl alcohol in a sparged
bioreactor using a GOase concentration of 500 mg CFE/L. Full conversion was reached after
6 h of reaction. Due to sparging with air, the produced benzaldehyde was stripped into the
gas phase and lost with the off-gas, despite the condenser attached to the bioreactor. This
explains why only a concentration of 42 mM benzaldehyde was measured despite the fact
that almost all of the 50 mM benzyl alcohol was converted.

6.4 Process implications

6.4.1 Requirements for additives

As shown in the previous sections, oxidation of alcohols using GOase requires not only the
enzyme itself, but also several additives to enable efficient use of the enzyme. The require-
ment for copper in the active site of GOase is inevitable. Copper can either be loaded prior
to the reaction by applying dialysis or copper salts can be added directly to the reaction
mixture. Direct addition of copper to the reaction mixture has been shown to effectively load
copper into the active site (Figure 6.5), and is therefore preferred in order to avoid the addi-
tional cost and processing effort involved in applying dialysis at large scale.

A single electron oxidant required to restore the radical in the active site is also critical to
obtain a fully active enzyme, since without an oxidant the enzyme loses its activity within
15 min of reaction when GOase is applied in the form of CFE. Both inorganic oxidants and
proteins capable of single electron oxidation can be used as demonstrated in Figure 6.3a and
Figure 6.6 for ferricyanide and HRP. A minimum of 40 U/L of HRP is required to fully
activate GOase independent of the concentration of GOase when added as a CFE. At a
GOase concentration of 500 mg CFE/L this corresponds to a molecular ratio between the
two enzymes of 59:1 (GOase:HRP), assuming a Type | HRP with a specific activity of 146
U/mg and that the formulation from Sigma Aldrich contains only protein. However, for pu-
rified protein approximately 300 U/L of HRP was needed to reach full activity, which cor-
responds to an enzyme ratio of 8:1 when transferring the result directly to a system with an
enzyme concentration of 500 mg CFE/L. The difference between purified protein and CFE
might be an artefact seen due to the complexity of the system, and therefore the safest choice
is to design the reaction system based on the HRP level dictated by the purified protein
experiments. In this case, the requirements to HRP will be a significant cost addition to the
process, since the production cost per gram protein of HRP and GOase most likely will be
comparable at industrial scale. However, if a ratio of only 59:1 is required to ensure a fully
active enzyme for an entire Biocatalytic reaction, the cost contribution from HRP will be
almost negligible. The ratio of GOase to HRP will of course depend on the specific activity
of HRP and will increase with increasing concentration of GOase, but a high enzyme con-
centration implies high oxygen consumption that eventually will become a bottleneck.

The alternative to HRP is an inorganic oxidant such as ferricyanide. Ferricyanides, and the
reduced form, ferrocyanide, are widely applied in the production of pigments, in wine refin-
ing, as anticaking agent, and historically as a bleaching agent in photography [47]. These
large scale applications imply a relatively low cost for potassium ferricyanide, combining
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this with the limited concentration needed to obtain a fully activated enzyme (10 mM corre-
sponding to 3.3 g/L of potassium ferricyanide) means that ferricyanide activation most likely
will be significantly cheaper than HRP activation (especially if a GOase-HRP ratio of 8:1 is
required), assuming that the activation is persistent throughout the biotransformation. Ferri-
cyanides are also applied in organic chemistry for many oxidation reactions, such as oxida-
tion of tertiary amines [48], oxidative coupling of phenols [49], and oxidative hydroxylation
of pyridinium salts [50]. The reactions typically require strongly alkaline pH, however most
reactions also proceed at a pH close to neutral, but at a much lower rate [48]. GOase sub-
strates of industrial relevance could potentially be larger molecules with several labile func-
tional groups, where the increased specificity compared to chemical alternatives will be the
main driver for the implementation of an enzymatic process. A potential problem might
therefore be by-product formation via reactions between ferricyanide and functional groups
present in the molecule, such as substituted aromatics rings. The extent of by-product for-
mation via ferricyanide reactions will be highly dependent on the functional groups present
in the substrate molecule, and potential by-product formation will have to be evaluated on a
case-by-case basis. In the case of benzyl alcohol oxidation, no by-product formation due to
side-reactions with ferricyanide was observed.

Interestingly, we discovered that the GOase activity depends heavily not only on the ionic
strength of the reaction mixture, but also on the type of buffer applied. A sodium phosphate
buffer turned out to result in significantly higher reaction rates than any other buffer or salt
investigated. This discovery is very important to keep in mind when designing a process,
since too low a buffer concentration will result in significant activity reduction. Furthermore,
the cost contribution from the buffer requirements will be significant, unless an efficient
recycling of the reaction medium can be established.

6.4.2 Oxygen requirements

Oxidases require oxygen, which in biotechnology traditionally is supplied by bubbling air
through the reactor. The transfer of oxygen from the gas phase to the liquid phase is notori-
ously slow due to the low solubility of oxygen in water under normal operating conditions
(0.268 mM, 25 °C, 1 atm air) and hence a low driving force for mass transfer. The supply of
oxygen to the reactor therefore sets an upper limit to the reaction rates that can be obtained.
The maximum oxygen transfer rate in an industrial scale bioreactor is typically around 100
mmol/L/h (corresponding to a volumetric mass transfer coefficient, kia, of approximately
500 ht) when the concentration of oxygen in solution is close to zero (i.e. maximum driving
force) and air is applied for aeration [51]. Stoichiometric amounts of oxygen are required in
a GOase catalyzed oxidation. However, by recycling oxygen via catalase mediated degrada-
tion of the hydrogen peroxide by-product the requirements for oxygen can be halved. The
typical industrial scale oxygen transfer rate therefore limits the maximum volumetric
productivity to 200 mmol/L/h, corresponding to 21 g/L/h in the case of benzaldehyde, a
value which is in range with typical requirements for industrial implementation [52]. How-
ever, since oxygen is a substrate for the enzyme the reaction rate depends on the concentra-
tion of oxygen in solution. The Michaelis constant for oxygen, Kwo, is =5 mM for GOase,
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which is significantly above the solubility of oxygen at normal operating conditions. This
means that the reaction rate will be almost directly proportional to the dissolved oxygen
concentration, when operating at, or close to, atmospheric pressure and assuming saturation
of the enzyme with the alcohol substrate. This reveals a trade-off between an efficient use of
the enzyme, i.e. the biocatalyst yield (g product/g enzyme), and a sufficient oxygen transfer
rate to sustain the desired volumetric productivity (g product/L/h). At low oxygen concen-
trations relative to saturation, the oxygen transfer rate will be high whereas the specific re-
action rate will be low, and vice versa at an oxygen concentration close to saturation. This is
exemplified in Figure 6.9, where the rate of oxygen transfer to the reactor and oxygen con-
sumption by an enzymatic reaction is depicted as a function of the concentration of oxygen
in solution. The figure shows the oxygen consumptions for two different values of Kmo, and
the oxygen transfer rate when bubbling with air or pure oxygen at two different volumetric
mass transfer coefficients. The operating points for the given examples will be the intersec-
tion of the lines. For GOase with a Kmo of 5 mM the operating point, when using air and a
typical industrial scale k.a value of 500 h%, will be at an oxygen concentration of 0.21 mM
(79% air saturation) corresponding to an oxygen consumption rate of 30 mmol/L/h and there-
fore a volumetric productivity of 60 mmol/L/h (or 6.4 g/L/h in the case of benzaldehyde).
At this operating point the enzyme functions at a rate corresponding to only 7% of Vmax at
the applied benzyl alcohol concentration. Hence, the enzyme is severely oxygen limited, or
in other words, the efficiency is significantly lower than that which could have been at a
higher oxygen concentration. The effect will be most severe in the beginning of the reaction,
since the apparent Kwvo will decrease as the reaction progresses and the substrate concentra-
tion approach zero.
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Figure 6.9. Rate of oxygen transfer to the reactor using air (C2' = 0.267 mM) or pure oxygen (C3' = 1.27 mM) at
two different volumetric mass transfer coefficients (--) kLa = 250 h'! (- -) kca = 500 h%, and the enzymatic rate of
oxygen consumption at two different Kmo as a function of oxygen concentration. The plot is based on a Km for
benzyl alcohol of 150 mM, a kcat of 50 U/mg CFE, an enzyme concentration of 500 mg CFE/L and a substrate con-
centration of 200 mM. The operating points of the given examples will be the intersections between the lines, such
as the point illustrated by a circle.
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The above analysis illustrates the importance of Kwvo to the performance of oxygen depend-
ent enzymes at industrial scale, a fact that is often overlooked when developing new biocat-
alysts. The key objective from a process engineering point of view is therefore not only to
supply enough oxygen to sustain a desired productivity, but supplying it at the right oxygen
concentration, which for many oxidases is the highest concentration possible due to the rel-
atively high Kmo. The optimal oxygen level will depend on the cost of the biocatalyst relative
to the operating and capital costs of the process.

The oxygen transfer rate can be increased by applying enriched air, i.e. air with higher oxy-
gen content and/or increased reactor pressure, thereby increasing the driving force for oxy-
gen transfer by increasing the oxygen saturation concentration. The incentive to implement
solutions to increase oxygen transfer is two-fold, since both higher oxygen transfer rate and
dissolved oxygen concentration can be obtained thereby potentially increasing both the vol-
umetric productivity and biocatalyst yield. This benefit has to be weighed against the added
cost from purifying air, increasing reactor strength and increased safety precautions when
dealing with a higher oxygen partial pressure in combination with volatile organic com-
pounds.

6.4.3 Biocatalyst stability

The stability of enzymes may be significantly reduced when exposed to gas-liquid interfaces,
due to the tendency of protein to unfold when in contact with the hydrophobic air [30-32].
Thus, supply of oxygen by bubbling with air can pose a problem for oxidase catalyzed reac-
tions. However, in the case of GOase deactivation at the gas-liquid interface is not an issue
(Figure 6.8) in fact the enzyme appears to be activated during the first 9 h of bubbling. The
stability trials were designed to mimic the reaction conditions, but since they were conducted
in the absence of substrate the observed stability may be different from the actual stability
during catalysis, i.e. the operational stability. The importance of determining the stability
during catalysis can also be seen from the experiment with different levels of hydrogen per-
oxide (Figure 6.4a), where it is shown that GOase is not deactivated by H.O> in the absence
of catalytic action. However, during catalysis GOase is deactivated within minutes in the
presence of small amounts of H20,. This indicates that it is the reduced form of the enzyme
that is susceptible to deactivation by H.O> and not the oxidized form predominantly present
in the absence of an alcohol substrate. Similarly, other deactivation mechanisms such as
oxidation of amino acids side-chains in the active site by dissolved oxygen may only take
place at certain stages of the catalytic cycle.

6.5 Conclusion

Benzyl alcohol oxidation catalyzed by galactose oxidase (GOase) was used as a model sys-
tem for the investigation of reaction additive requirements to obtain an efficient biotransfor-
mation:

o Catalase was necessary to keep the concentration of hydrogen peroxide, formed as a
by-product, at a minimum in order to avoid enzyme deactivation. Interestingly,
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GOase was completely stable in the presence of H202 up to 10 mM, when not ac-
tively catalyzing an oxidation.

e Addition of a single electron oxidant such as horseradish peroxidase (HRP) or potas-
sium ferricyanide was required to regenerate the active site radical upon decay. 40
U/L of HRP was required to fully activate GOase added as cell-free extract (CFE),
while approximately 300 U/L was needed to fully activate purified GOase. Potassium
ferricyanide was also capable of activating GOase in this case 10 mM was required
for full activation.

e Copper, required in the active site, was loaded into the enzyme by adding CuSOs to
the reaction mixture containing crude GOase. The optimal concentration was found
to be 15, 25, and 35 uM of CuSO4 for 100, 200 and 500 mg CFE/L, respectively.

e Buffer type and concentration was found to be essential for GOase activity, minimum
100 mM of preferably sodium phosphate buffer pH 7-8 resulted in the highest activ-
ity.

The process aspects of GOase catalyzed oxidation reactions were discussed in light of the
determined requirements for additives, the stability of GOase, and the trade-off between suf-
ficient oxygen transfer and full utilization of the enzyme due to the high Kwm for oxygen
relative to the solubility of oxygen at normal process conditions. The resulting reaction pa-
rameters are critical for implementation of GOase in an industrial scale biocatalytic oxida-
tion process.
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6.6 Experimental section

6.6.1 Materials

All reagents used were of the highest grade available from Sigma Aldrich (St. Louis, Mis-
souri, USA). Catalase with an activity of 3172 U/mg (one unit (U) corresponds to the amount
of enzyme which decomposes 1 umol H20, per min at pH 7.0 and 25 °C) and horseradish
peroxidase (HRP) with an activity of 145.7 U/mg (Type 1) or 261 U/mg (Type IV) (1 U
corresponds to the amount of enzyme that forms 1 mg purpurogallin from pyrogalin in 20
sec. at pH 6.0 and 20 °C) was acquired from Sigma Aldrich. Galactose oxidase mutant Mz-s
from Fusarium NRLL 2903[17] as a cell-free extract (CFE), NADP* and aldehyde dehydro-
genase (ALDH(003)) was acquired from Prozomix (Haltwhistle, UK). GOase Ms.5 was pu-
rified as previously described.[14] Solutions were made using deionized water and fresh
enzyme solutions were made every day.

6.6.2 Purified enzyme

Liquid phase determination of pH optimum

The pH optimum for purified GOase Mss was determined in a liquid phase HRP/ABTS
coupled assay at 420 nm as previously described.[17,22] Activity was measured on a 96-
well plate in triplicate at 30 °C with 10 uL GOase Ms.s dilution in 90 pL reaction mix (con-
taining 0.23 mg/mL HRP and 0.4 mg/mL ABTS in 100 mM sodium phosphate buffer (NaPi)
at the indicated pH levels) and initiated by addition of 100 uL 50 mM benzyl alcohol in
water. Initial rates were normalized by protein concentration to calculate specific activities
for each assay condition. 1U corresponds to the amount of enzyme which converts 1 pmol
of substrate per min at pH 7.4 and 30 °C.

Activation of GOase M35 by HRP

Purified GOase Mas.s specific activity for benzyl alcohol was measured in a cuvette at 340
nm by following the production of NADPH from subsequent oxidation of benzaldehyde to
benzoic acid by aldehyde dehydrogenase (ALDH(003), Prozomix). The 1 mL reaction con-
tained 2.5 mg/mL NADP*, 25 mM benzyl alcohol, 0.5 mg/mL ALDH(003), 0.0078 mg/mL
GOase M35 and between 0-522 U/L HRP in 50 mM NaPi, pH 7.4. The reaction was initiated
by addition of GOase (10 pL of 0.78 mg/mL stock) before measuring at 340 nm. Reactions
were performed in duplicate.

Deactivation of GOase Ms.s by H20 and protection by catalase

The effect of H.O> on the specific activity of purified GOase Ms.s for benzyl alcohol oxida-
tion was measured similar to the activation by HRP. GOase was incubated at room temper-
ature in 50 mM NaPi, pH 7.4 in the presence of H20O> for 10 min in a cuvette. H>O> was
either degraded prior to assay by addition of catalase, or allowed to remain in the sample
during the assay. In a third sample series, catalase was added to remove H20», and then
additional H>O> was added to bring the final assay concentration to 10 mM H2O». This ex-
periment was performed to equally oxygenate the reaction mix prior to the assay. The re-
maining reaction components were added to give a 1 mL reaction containing 2.5 mg/mL
NADP*, 25 mM benzyl alcohol, 0.5 mg/mL ALDH(003), 0.0039 mg/mL GOase M3, 522
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U/L HRP (Type 1V), 0 or 220 U/mL catalase and 0-10 mM H2O-. The reaction was initiated
by addition of benzyl alcohol before measuring at 340 nm. Reactions were performed in
duplicate.

Biocatalytic reactions comparing GOase deactivation versus inhibition by H.O>

The effect of H20, on GOase conversion of benzyl alcohol was measured over time. Dupli-
cate reactions were performed in 50 mM NaPi, pH 7.4 with 0.01 mg/mL purified GOase Ms.
5, 25 mM benzyl alcohol, 10% dimethyl sulfoxide, with or without 330 U/L HRP (Type 1V),
and with or without 440 U/mL catalase. After 1.5 h, catalase (to 440 U/mL) was added to
two samples that contained no catalase initially. Aliquots of 25 puL were removed from each
sample in 30 min intervals and extracted into 500 pL dichloromethane by vortexing. The
samples were centrifuged, and the organic layer was dried over magnesium sulfate. Filtered
samples were analyzed on an Agilent (Santa Clara, California, USA) 6850 gas chromato-
graph system equipped with an FID. Analytes were separated on an HP-1MS column (Ag-
ilent) using a temperature gradient held initially at 50 °C for 4 min, and then ramped up by
25 °C/min to 225 °C. The retention times for benzyl alcohol and benzaldehyde were 7.46
min and 6.67 min, respectively.

6.6.3 Cell-free extract

Characterization

GOase content in the cell free extract powder was approximated in several experiments.
Protein content in the CFE powder was determined using the Pierce BCA Protein Assay Kit
(Life Technologies) following the manufacturer’s protocol. Band density corresponding to
GOase M35 on SDS-PAGE was estimated to be 10% of the soluble protein fraction. Purifi-
cation of GOase M35 from 5 g of CFE using previously published methods[14] yielded 200
mg of isolated enzyme. Specific activity of the cell free extract was measured in the liquid
phase HRP/ABTS assay described above, and normalized to the concentration of CFE pow-
der. Peroxidase activity in the CFE was also tested with this assay by addition of 1, 2.5 or 5
mM H20. and ABTS to the lysate solution (0.25 mg/mL final), however, no activity was
observed. The presence of catalase activity was confirmed in the CFE by the appearance of
bubbles after addition of H2O, (5 mM final) to a solution of 0.05 mg/mL CFE.

Investigation of reaction conditions

Experiments with systematic variation in the concentration of copper sulfate, horseradish
peroxidase, potassium ferricyanide, and buffers were carried out in 4 mL vials that were
heated to 25 °C and mixing at 800 min™ in a HLC BioTech thermoshaker (Bovenden, Ger-
many). The standard reaction conditions were 50 mM NaPi buffer at pH 7.4, 0.05 mM
CuS0s, 875 U/L HRP, 20000 U/L catalase, 100 mg/L CFE GOase, and 25 mM benzy! alco-
hol, unless otherwise stated. The working volume was in all experiments 3 mL, thereby
leaving 1 mL headspace to enable oxygen transfer to the liquid phase. Samples were taken
after 5, 10 and 15 min of reaction by removing the cap, thereby allowing air to enter the
headspace and hence avoiding complete oxygen depletion. The experiments were performed
in duplicate.
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Biocatalytic reaction in an aerated reactor

A complete biooxidation reaction was conducted in a 250 mL reactor (MiniBio® with my-
Control®) from Applikon Biotechnology (Delft, Netherlands). The reactor was equipped
with a sintered metal sparger to ensure efficient oxygen supply and two Rushton turbines for
mixing. The reaction conditions were as follows: 100 mM NaPi buffer at pH 7.4, 50 mM
benzyl alcohol, 800 U/L HRP, 50 uM CuSOs, 20000 U/L catalase, 500 mg/L CFE GOase,
25 °C, 250 min'* stirring, and 1 vvm air sparging. At regular time intervals samples were
withdrawn for analysis.

Stability experiments

Stability experiments were carried out in the 250 mL reactors described above with a work-
ing volume of 150 mL. 300 mg/L CFE were solubilized in 50 mM NaPi buffer at pH 7.4 and
stirred at 250 rpm with or without aeration, 0.5 vvm air. Samples were withdrawn from the
reactor at regular time intervals and the residual activity was determined in 4 mL vials as
described above. The residual activity was determined as the average of three assays.

Analysis

The reaction was stopped by addition of 800 pL 1 M HClI to 200 pL reaction aliquot. Samples
were analyzed on a Thermo Fisher Scientific (Waltham, Massachusetts, USA) Dionex Ulti-
mate 3000 HPLC equipped with a Diode Array Detector. Analytes were separated at 30 °C
on a Phenomex (Torrance, California, USA) Kinetex C18 column (5 pm, 100 A, 250 x 4.6
mm) using 30% acetonitrile in water with 0.1% trifluoroacetic acid as mobile phase. Benzyl
alcohol, benzaldehyde and benzoic acid were analyzed at 254 nm, and the retention times
were 2.8 min, 5.4 min and 3.6 min, respectively.
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Chapter 7

Kinetic characterization of galactose oxi-
dase variants

The following chapter consists of unpublished results from a study performed in close col-
laboration with William R. Birmingham and Prof. Nicholas J. Turner at the University of
Manchester (U.K.), who have performed all protein engineering work to develop the char-
acterized enzyme variants.

7.1 Introduction

Kinetic characterization of enzymes is important not only during enzyme engineering in or-
der to choose the best variant(s) for further development, but also during process develop-
ment since detailed Kinetic data allows engineers to design reactors and product removal
strategies. The development of the TiTR (Chapter 5) has enabled fast and autonomous char-
acterization of oxygen dependent enzymes. This allows the characterization of many variants
of an enzyme to identify the phenotypic results of changes to the proteins’ amino acid se-
quence.

Galactose oxidase (GOase) catalyzes the industrially interesting oxidation of 5-hy-
droxymethylfurfural (HMF) to 2,5-diformylfuran (DFF) (Figure 7.1) [1,2]. HMF is a poten-
tial sugar-derived platform molecule for the biobased chemical industry, from which a mul-
titude of products can be synthesized [3]. DFF and derivatives thereof, are interesting prod-
ucts for the production of specialty polymers [4]. However, the chemical oxidation is diffi-
cult to conduct at high yields due to over-oxidation of DFF to the mono- and diacid. Over-
oxidation to 5-formylfuran-2-carboxylic acid (FFCA) is also possible in the biocatalytic re-
action, but typically only to a low extend. Thus, the GOase catalyzed reaction could be a
route to DFF.

In the following, we characterize the kinetics of a number of GOase variants to illustrate the
importance of knowing the kinetics when developing enzymes as industrial catalysts. The
variants have been developed for various substrates and purposes. A particular important
aspect of the study was to develop and screen for GOase variants displaying a higher activity
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at low oxygen concentration, because it earlier has been found that the Michaelis constant
for oxygen of GOase is above the solubility of oxygen in water [5,6]. Development or iden-
tification of enzymes displaying higher activity at low oxygen concentrations (i.e. higher
keat/ Kmo Or lower Kmo) by screening at a reduced oxygen concentration has only been re-
ported once in the scientific literature, where D-amino acid oxidase was engineered to dis-
play a five-fold lower Kmo and a two-fold higher kea/Kmo [7]. Although there also are ex-
amples of site-directed mutagenesis studies leadings to increased bi molecular rate constants
with oxygen [8-11]. Engineering of GOase to display increased activity at low oxygen con-
centration has never been reported

OH
0 0 0
o Q) o —2oRe . 7 T Yo —ooxe - omo

HMF 0, H,0, DFF O, H,0, FFCA

Figure 7.1. Oxidation of 5-hydroxymethylfurfural (HMF) to 2,5-diformylfuran (DFF) by galactose oxidase
(GOase) and the potential over-oxidation to the 5-formylfuran-2-carboxylic acid (FFCA).

7.2 Results and discussion

7.2.1 Enzyme variants investigated

The development of the GOase applied in this study (Figure 7.2) dates back to two papers
by Arnold and co-workers describing, first, a GOase variant expressible in E. coli with im-
proved activity towards galactose and increased stability [12], and second, a GOase variant
with activity towards oxidation of glucose [13]. Based on the latter variant (Mz3), Escallettes
and Turner (2008) engineered GOase to stereoselectively accept secondary aryl alcohols
[14]. Since then, the variant (Ms.s) has been further evolved at the University of Manchester
to increase the activity towards oxidation of HMF to DFF. Initially, the variant G, was iden-
tified as being more active in the oxidation of HMF. As the importance of Michaelis constant
for oxygen was realized, existing mutant libraries was screened under a very low oxygen
atmosphere (0.2% O) in a glove box. The screen at low oxygen conditions revealed several
hits not obtained when screening at atmospheric conditions, where the most active was the
variant C4, with phenylalanine at position 290 changed to tryptophan. Interestingly, the dou-
ble mutant CLS showed high activity when removed from the low oxygen atmosphere, so
this was included in the following work together with the F194W mutant of G2 and CLS and
the G2 F194W F290W (i.e. C4 and the F194W alteration). The F194W variants were included
because it is a modification often reported in the scientific literature. All amino acid substi-
tutions from M1 onwards are close to the active site and presumably taking part in substrate
binding.
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Substrate Comments
Galactose WiId-type Origin: Fusarium austroamericanum

S10P/ M70V /P136/
G195Q./ v494A /
N535D

Galactose My Sun et al. (2001) showing increased
stability and activity.
W290F / R330K /
Q4067
Glucose M; Sun et al. (2002) for glucose oxidation.
lkﬂom
(R)-1-phenylethanol Ms_s Escalettes and Turner (2008) for
secondary alcohol oxidation
lvazaL/ M330F
5-hydroxymethylfurfural G2 Unpublished. Birmingham and Turner,
University of Manchester
F290wW / F194W
S291R F200W
5-hydroxymethylfurfural CLS C, G, F194wW Low O, screen

lFlQﬂfW iFZQDW

5-hydroxymethylfurfural CLS F194W G, F194W F290W

Figure 7.2. Galactose oxidase variants and their relationship. The protein engineering work to develop the vari-
ants was carried out by William R. Birmingham at the University of Manchester (U.K.) in the group of Prof. Nich-
olas J. Turner.

7.2.2 Stability of galactose oxidase

During the adaptation of the TiTR to accommodate measurements of kinetics for the HMF
to DFF reaction catalyzed by GOase, we experienced problems with instability of GOase in
the enzyme stock solution during the experiment. Therefore, the storage stability of GOase
in the presence of different system components was investigated using the TITR (Figure
7.3). Surprisingly, GOase was significantly less stable when stored in the presence of HRP,
while other system components did not affect the stability. It is important to note that it is
the stability of the apo-enzyme being studied here, because GOase is not loaded with copper
until the first catalytic cycle.

The action of HRP is to form the tyrosine radical upon copper loading into the apo-enzyme.
The radical is required for the enzyme to perform the two-electron oxidation, but the radical
may also react with compounds not otherwise a substrate for the enzyme whereby the radical
is reduced and the enzyme left in an inactive state. HRP is therefore also required during the
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reaction to ensure that any inactive enzyme is reoxidized to its active state. Formation of a
stable radical in the apo-GOase has also been reported [15], and one can therefore speculate
that it is the radical in the active site causing the observed deactivation. This could possibly
be via radical reactions with amino acids in the active site. However, at this point it is pure
speculation.
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Figure 7.3. Galactose oxidase stability in presence of reaction components. Initial rate of reaction over time for
GOase M35 incubated at 25 °C in buffer (blue), with 1000 U/L horseradish peroxidase in buffer (red), with 20000
U/L catalase in buffer (yellow), with 0.1 mM CuSOs in buffer (purple), and incubated on 0 °C (on ice) with buffer
(green). 100 mM sodium phosphate buffer, pH 7.4. GOase was supplied as CFE.

The problem of GOase instability during the kinetic analysis could not simple be solved by
mixing the HRP in both substrate and buffer solution, because the stability of HRP is de-
creased in presence of HMF (data not shown) and therefore would not be constant during
the experiment. Instead, we installed a fourth syringe pump to supply a stock solution of
HRP. Nevertheless, the issue of GOase (and HRP) stability indicated above needs to be in-
vestigated in more detail to see if a similar deactivation takes place during the reaction and
if it can be circumvented.

7.2.3 Kinetic parameters for galactose oxidase variants

The kinetic parameters of the investigated GOase variants are presented in Table 7.1. Un-
fortunately, it was not possible to determine the parameters for the CLS variants. This was
due to significantly longer lag-time (>10 min) for these enzyme variants, making it impos-
sible to determine the correct initial rate (i.e. the *steady-state’ rate) in the TiTR because the
full reaction rate was not reached within the maximum residence time in the reactor. The
reason for this increased lag-time is unknown, but it could be due a slower binding of copper
caused by the S291R mutation.
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Table 7.1. Kinetic parameters of galactose oxidase variants determined in the tube-in-tube reactor using HMF as
substrate at 25°C. The kinetic parameters are obtained by fitting the ping pong bi bi Michaelis-Menten equation to
initial rate data.

Variant Kvo (MM)  Kms (MM)  keat (s2) Kcat/Kmo Kcat/Kms (M-
(M—ls—l) 13—1)
M12 0.16+0.11 5318 23.5+4.7 (1.5+ (0.04 =+
1.1)-10° 0.02)-10*
M3-s 1.39+0.46  14.9+45 651+132 4.7+ (4.4=+
1.8)-10° 1.6)-10*
Gz 0.367+0.07  1.83+0.3 12046 (3.3*+ 6.6+
0.6)-10° 1.1)-10*
Ca? 0.152+0.02  6.19+0.41 1664 (10.9+ 2.7+
1.5)-10° 0.2)-10*
G2 F194W?" 2,00+0.36  3.00+0.6 427435 2.1+ (14.2+
0.4)-10° 3.1)-10*
G2 F194W  3.52+1.4 50.8+21 15604509  (4.4+ 3.1+
F290W ° 2.3)-10° 1.6)-10*
CLS N.D. ¢
CLS N.D. ¢
F194W

2 determined using purified enzyme, others using cell-free extract
b highly uncertain estimation of GOase content in cell-free extract

© not determined (N.D.) due to very long lag-phase

Of the successfully characterized GOase variants, the low Kvo of C4 stands out, although
M also has a low Kmo but catalyze the oxidation of HMF very inefficiently (considering the
high Kms and relatively low keat). Similarly, the bimolecular rate constant with oxygen
(keat/ Kmo, referred to as the oxygen reactivity) is more than two fold higher than the variant
displaying the second highest oxygen reactivity, Ms.s. The high oxygen reactivity of Cs is
not surprising, as the variant was identified in the low oxygen screen. This confirms that it
is feasible to run assays under low oxygen conditions to identify enzymes with a higher
oxygen reactivity. Furthermore, the result shows that it is possible to modify the oxygen
reactivity of GOase.

Interestingly, the bimolecular rate constant with the ‘primary’ substrate, HMF, appears to be
almost inversely related to the bimolecular rate constant for oxygen, if disregarding M1 dis-
playing the lowest reactivity with both substrates (Figure 7.4). This could be related to the
difference in hydrophobicity of oxygen and HMF, oxygen being rather hydrophobic while
HMF is hydrophilic. However, this does not correlate with the hydrophobicity of the amino
acids being substituted, e.g. G2 to C4 (F290W) exchange a highly hydrophobic amino acid
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to a less hydrophobic. The inverse correlation suggests that there could be a ‘golden’ opti-
mum in ‘primary’ substrate and oxygen reactivity, not necessarily maximizing either of
them.
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Figure 7.4. Bimolecular rate constants (kcat/Km) values for HMF and oxygen for he investigated galactose oxidase
variants.

The kinetic data confirms that G, the variant chosen due to its apparent higher activity with
HMF, is a better enzyme for catalyzing the oxidation of HMF than the parent Ms.s, when
considering the bimolecular rate constant with HMF used as the evaluation criteria (the bi-
molecular rate constant is not dependent on the oxygen concentration as shown in Chapter
4). However, the oxygen reactivity of G2 is lower than Ma.s, the following section will illus-
trate the importance of this.

7.2.4 Best variant under industrial conditions

High correlation between the parameters of the Michaelis-Menten equation makes direct
comparison of e.g. Kwmo values problematic. Furthermore, it is difficult to determine which
of the variants is the better catalyst just based on the kinetic parameters. Therefore, it is better
to compare the variants by considering the activity at a given oxygen and HMF concentration
relevant to an industrial biocatalytic reaction. Figure 7.5 compares the reaction rate of the
enzyme variants at two oxygen concentrations, 100% and 20% air saturation, and an HMF
concentration of 200 mM. As discussed previously, 20% air saturation is a realistic oxygen
level in an aerated industrial reactor due to the requirement of an oxygen transfer driving
force, whereas 100% air saturation corresponds to the oxygen concentration in standard la-
boratory assays without control of the dissolved oxygen. The conditions in an industrial re-
actor will change as the reaction proceeds (unless it is operated continuously), in the begin-
ning the reaction will be fast and slow down as substrate is consumed leading to an increase
in oxygen concentration towards the end of the batch to balance supply and consumption of
oxygen. However, for GOase with HMF as substrate the Kus value are low compared to the
typical initial substrate concentration, this means that the enzyme with be saturated with
substrate until the very end of the reaction. Therefore, the conditions (including the oxygen
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concentration) will be constant throughout the majority of the reaction time. Thus, the activ-
ity at single set of oxygen and HMF concentrations can represent the efficiency of a variant
throughout a batch reaction (disregarding deactivation or product inhibition of the enzyme).

3 190 100% air sat. © 190 20% air sat.
e | e |
8 8
c 100 c 100
= ' ks -
B B
L4y 4]
o o
= 50| = 50|
2| 2|
® ® [
QO - QO -
o 0 o 9
M‘I M3—5 GZ C4 G2S G|2D M‘I M3—5 GZ C4 G2S G|2D

Figure 7.5. Comparison of relative reaction rates calculated from the kinetic parameters of the investigated galac-
tose oxidase variants at an HMF concentration of 200 mM and at two oxygen concentrations — 100% air saturation
(0.267 mM) and 20% air saturation (0.053 mM). Gzs = G2 F194W, Gzp = G2 F194W F290W.

The comparison of reaction rates clearly illustrates the importance of the oxygen reactivity
as enzymes are taken from the test-tube to stirred reactors (i.e. the difference in oxygen con-
centration). The C4 variant displays two-fold the activity over the second best candidate at
the industrially relevant oxygen concentration, which directly translates into a two-fold de-
crease in enzyme requirements. Furthermore, the comparison illustrates the importance of
fully characterizing the kinetics of enzyme variants before choosing a candidate for further
rounds of mutagenesis or process development. If the best variant was chosen solely on its
activity in a colorimetric assay at air saturation, a suboptimal choice of Ms.s or G2 F194W
F290W could have been made, as these variants would show similar activity to Ca.

7.3 Conclusion and future perspectives

The work described illustrates the importance of carefully characterizing the kinetics of ox-
ygen dependent enzyme before choosing the variant for further development of the biocata-
lyst and eventually the bioprocess. Furthermore, it shows that it is possible to change the
oxygen reactivity of GOase by substituting single amino acids. This bodes well for further
protein engineering efforts as the screening was performed on an enzyme library limited to
few amino acid positions, not chosen based on their potential involvement in oxygen bind-
ing. Thus, generation of focused enzyme libraries using molecular dynamics simulations
stands a good chance to further enhance the oxygen reactivity [11]. Ideally, the inhibitory
kinetics of the variants should be included in the comparison. Inhibition studies can easily
be performed using the TiTR. However, it would require additional initial rates and thus
increase the material consumption and length of experiments. Furthermore, enzyme stability
needs to be included as a selection criterion, although the stability often can be improved in
subsequent rounds of protein engineering without significantly affecting the activity [16,17].
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7.4 Experimental section

7.4.1 Materials

All reagents used were of the highest grade available from Sigma-Aldrich (St. Louis, Mis-
souri, U.S.A.). Catalase with an activity of 3172 U/mg (one unit (U) corresponds to the
amount of enzyme which decomposes 1 umol H20 per min at pH 7.0 and 25 °C) and horse-
radish peroxidase (HRP) with an activity of 145.7 U/mg (Type 1) (1 U corresponds to the
amount of enzyme that forms 1 mg purpurogallin from pyrogalin in 20 s. at pH 6.0 and 20
°C) were acquired from Sigma-Aldrich. Galactose oxidase variants were engineering at the
University of Manchester (Manchester, U.K.) and produced as a cell-free extract (CFE) by
Prozomix (Haltwhistle, U.K.). Purified variants were produced and purified by the Univer-
sity of Manchester.

7.4.2 Tube-in-tube reactor

The TiTR was used to characterize the GOase variants. The setup was described in detail in
Chapter 5, although minor modifications were required. First, an additional syringe pump
was added to feed HRP separately, and secondly, the injection valve was change to a 4-port
actuated valve with a 100 nL internal injection loop (VICI, Houston, TX, USA). The latter
was required due to the high UV absorbance of HMF and DFF.

The UV absorbance spectra of HMF and DFF overlap, and thus multivariate data analysis
was required to elucidate the substrate and product concentration. The chemometric model
was built and calibrated using the PLS_Toolbox (Eigenvector Research, Manson, WA,
USA) for MATLAB (MathWorks, Natick, MA, USA). Figure 7.6 shows the calibration
curves for HMF and DFF.
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Figure 7.6. Calibration curves for 5-hydroxymethylfurfural (HMF) and 2,5-diformylfuran (DFF).

7.4.3 Kinetic characterization

Four stock solutions containing 1) buffer, catalase, CuSQOas 2) buffer, catalase, CuSO4, HMF
3) buffer, GOase 4) buffer, HRP were fed to the TiTR using syringe pumps as described
previously. 100 mM sodium phosphate buffer, pH 7.4 was used in all solutions. The amount
of catalase and HRP corresponded to an activity in the reactor of 20000 U L™ and 1000 U L
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! respectively. The concentration of CuSOs in stock solutions corresponded to a concentra-
tion in the reactor of 100 uM. The GOase concentration was varying dependent on the ac-
tivity of the enzyme to obtain an initial rate in the range 0.2-0.5 mmol L min™.

Determination of the amount of GOase in the cell-free extract is required in order to calculate
the value of Keat. For Mss and G, the amount has been determined with good precisions to
5% (w/w) of the formulation. However, for G2 F194W and G, F194W F290W the amount
had to be estimated by comparing band intensities on an SDS-gel. The expression level of
G2 F194W and G2 F194W F290W was estimated to ¥ of that of Ms.s and G.. Ideally, all
measurements should have be done using purified enzyme.

7.4.4 Galactose oxidase stability

Stability of GOase was investigated using the TiTR. The five conditions were tested simul-
taneously with samples being withdrawn for analysis at regular time intervals. The condi-
tions in the assay were 12.5 mM HMF, 2.6 mM oxygen, and 100 mM sodium phosphate
buffer pH 7.4.
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Chapter 8

General discussion

Throughout the thesis, different process development aspects for biocatalytic oxidations
have been addressed. In the following chapter, the findings and developments will be sum-
marized and discussed in a broader context of process development for oxygen dependent
enzyme processes. Additionally, the interesting possibilities to improve the activity of en-
zymes at low oxygen concentrations are discussed. Finally, the perspectives for galactose
oxidase as an industrial biocatalyst are elucidated.

8.1 Development of oxygen dependent enzyme processes

The time and effort required for developing a biocatalytic process varies with the starting
point. If an active and stable biocatalyst is at hand, the development can be fast, whereas if
the activity and stability has to be developed from a low starting point the time and effort
required will be substantial, and the risk that the required biocatalyst metrics are not met will
be significant.

The development of an oxygen dependent biocatalytic process starts with the identification
of an enzyme with decent activity towards the target substrate, or alternative by applying
protein engineering (e.g. directed evolution) to develop such from an enzyme showing some
activity. Thereafter, we suggest a thorough characterization of the enzyme kinetics (oxygen
reactivity, inhibition, etc.) and stability (influence of gas-liquid interfaces, substrate/product,
and oxygen). Based on this, an early-stage economic assessment is made to identify potential
bottlenecks and the key parameters to target for further enzyme improvements through pro-
tein engineering. Through close collaboration between protein and reaction engineers the
enzyme is further developed to fit the process conditions, and process decisions are made in
terms of oxygen supply method, eventual substrate supply and product removal. In this pe-
riod of development, it is important to assess whether the challenges experienced are most
efficiently overcome using protein or reaction engineering. Finally, an economic evaluation
Is required to evaluate if process meets the requirements to allow detailed process engineer-
ing and larger scale demonstration to commence.
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Thus, the development of oxygen dependent enzyme processes can be simplified to four
main areas of focus (Figure 8.1), namely characterization of the enzyme(s) in terms of sta-
bility and kinetics and the process engineering aspects of supplying substrate and removing
product, and the supply of oxygen. The enzyme characteristics directly influences the pro-
cess decisions in terms of how, and if, to supply substrate or remove product, and the choice
of oxygen supply methods to limit enzyme deactivation, ensure a sufficient oxygen concen-
tration in solution and minimize stripping of volatile compounds, etc.

Figure 8.1. The four aspects of process development for oxygen dependent enzyme processes and their interrela-
tion. SS/PR: substrate supply/product removal. ACssier: driving force required for SS/PR, Cs: substrate concen-
tration, Cp: product concentration, CO: oxygen concentration, Co®': oxygen saturation concentration, kLa: volu-
metric mass transfer coefficient, agi: gas-liquid interfacial area, Pi*: partial pressure of volatile compound (could
also be solvent for PR), Tm: enzyme melting temperature (thermodynamic stability), ka: enzyme deactivation rate
constant (kinetic stability), Ki: inhibition constants, Km: Michaelis constants, kcat: rate constant.

In the following subsections, each of the areas are discussed in more detail in relation to the
insights gained from the work presented in the previous chapters.

8.1.1 Enzyme stability

Enzyme stability is best characterized by determining a deactivation rate constant preferable
as a function of the operating conditions [1]. When doing so, it is important to distinguish
between the stability of enzyme carrying out catalysis and enzyme being inactive, as the
apparent stability can vary accordingly. For two-substrate enzymes that exist in two distinct
forms, such as oxygen dependent enzymes following the ping pong bi bi mechanism, there
can even be stability differences between the enzyme forms. As an example, the radical in
the active site of galactose oxidase (GOase) is only present in the oxidized form of the en-
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zyme. As radicals are notoriously reactive, this form of the enzyme could very well be de-
activated faster than the reduced enzyme form, although this is pure speculation as it has not
been experimentally investigated.

Determining the enzyme stability during a reaction is not straight forward, as one needs to
determine the activity at a standard set of conditions at each time point (i.e. constant concen-
tration of ‘primary’ substrate, oxygen and product, and at constant temperature). Normally,
the best option is to take out a sample and determine the stability in an appropriate assay.
Alternatively, if a full kinetic model is available (also covering product inhibition) the rate
of reaction at a given time point can be compared with the rate predicted by the kinetic
model. This approach requires that the kinetic model can be trusted for predicting full time
courses, something that is difficult to validate if the enzyme is unstable under typical oper-
ating conditions. In any case, it is important to investigate the possible mechanisms of deac-
tivation, which for oxygen dependent enzymes typically are gas-liquid interface instability,
aldehyde deactivation and oxidative damage by reactive oxygen species, as discussed in
Chapter 2.

For GOase, studied in this thesis, the operational stability of the enzyme has not been inves-
tigated in detail. Nevertheless, results of exposing an enzyme, not carrying out a reaction, to
aeration indicates that the enzyme is not destabilized by gas-liquid interfaces. However, pre-
liminary results suggests that the enzyme is severely inhibited and deactivated at high con-
centrations (>50 mM) of benzaldehyde (data not shown). Aldehyde deactivation of enzyme
IS an increasing important topic, that on one hand possibly can be solved by implementation
of in situ product removal, while one the other hand also is a topic for protein engineering
to tackle, as there are indications that it can be solved through substitution of amino acids.
However, a general and proven method for significantly increasing the stability in presence
of aldehydes using protein engineering is still lacking in the scientific literature.

8.1.2 Kinetic characterization of oxygen dependent enzymes

Kinetic characterization of enzymes are important not only during development of the bio-
catalyst to identify the optimal candidate(s) for further development, but also in process de-
velopment. The access to trustworthy kinetic models enables sizing of reactors, design of
reactor concepts such as substrate feeding and product removal, and optimization of reaction
conditions, as is known from traditional chemical engineering [2]. For oxygen dependent
enzymes, trustworthy kinetic models, also covering the reaction with oxygen, are even more
important because of the generally high Michaelis constant for oxygen relatively to the sol-
ubility of oxygen in water. In fact, the reaction rate between the reduced enzyme and oxygen
will be rate limited for most enzymes, as discussed in Chapter 4. Precisely knowing the
enzyme kinetics will therefore allow reaction engineers to optimize the process conditions
and the oxygen supply to maximum the enzyme utilization efficiency and thus minimize the
enzyme consumption.

Currently, the kinetics of enzyme reactions are studied in spectrophotometric assays (typi-
cally in 96 well-plates) or in stopped-flow apparatuses [2]. However, for oxygen dependent
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enzymes this is not a possibility because of the inability to control the dissolved oxygen
concentration. The only alternative is therefore to conduct experiments in batch reactors with
agitation and sparging of air/oxygen to control the oxygen concentration combined with off-
line analysis of product formation rate. Therefore, it was quickly realized that a tool for fast
and efficient kinetic characterization of oxygen dependent enzymes could significantly im-
prove not only the process development, but also the biocatalyst development, i.e. the protein
engineering and screening efforts. This lead to the development of the tube-in-tube reactor
(TITR) presented in Chapter 5, which enables autonomous characterization of enzymes with
minimal material consumption.

We believe, that if the TiTR and the software required to operate the setup and analyze the
results would be further improved primarily in terms of material consumption and user-
friendliness, the setup could be commercialized and thus be made available for the general
enzyme development community. This would enable protein engineers to implement de-
tailed kinetic characterization earlier in the development cycle (i.e. in between rounds of
protein engineering to improve enzyme performance) and thus enable the selection of en-
zyme variants with the greatest potential for industrial implementation, as exemplified by
GOase variants in Chapter 7. Furthermore, it would give process engineers access to high
quality kinetic data when developing biocatalytic oxidation processes.

The TiTR also enables the determination of inhibition parameters for the studied enzyme,
which is important when deciding whether or not to implement substrate feeding or product
removal strategies. Another potential limitation for oxygen dependent enzymes is the inhi-
bition of auxiliary enzymes, such as catalase, that are required to maintain the activity of the
oxygen dependent enzyme. As an example, the horseradish peroxidase required for the ac-
tivity of GOase has in preliminary studies shown to be deactivated and inhibited by benzal-
dehyde (data not shown). High activity of auxiliary enzymes throughout the time course a
batch is of course necessary for obtaining a successful process, and something that should
be studied in detail.

8.1.3 Oxygen supply

As discussed throughout this thesis, the supply of oxygen is of great importance because
oxygen typically limits the reaction rate, the air-liquid interface potentially deactivates en-
zymes, the aeration gas may strip volatile compounds from the reactor and the cost of aera-
tion may add substantially to the final product cost of lower value products.

It was shown in Chapter 3 that bubble aeration in stirred reactors (or bubble columns at very
large scale) is the cheapest oxygen supply method when only considering the cost of agita-
tion and aeration, and not the cost savings obtained from other process improvements such
as decreased evaporation of volatile compounds or decreased enzyme deactivation. Pressur-
ization of the reactor headspace or aeration using pure oxygen did increase the maximum
specific oxygen transfer rate. However, neither increased headspace pressure nor pure oxy-
gen sparging resulted in statistically significant reduction of aeration costs. Membrane aer-
ation could, in the best case scenario, obtain specific aeration costs close to those obtained
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in a bubbled stirred tank reactor. However, this required pressurization of both the reactor
and the membrane module to at least 25 bars in order to reduce the required membrane area,
something that has not been demonstrated experimentally for a membrane aeration system.
The last option considered was hydrogen peroxide feeding followed by decomposition by
catalase. In general, the analysis showed that the method was not competitive from an eco-
nomic standpoint due to the high cost of hydrogen peroxide (relative to the cost of supplying
oxygen from air) nor from a technological standpoint, because avoiding locally high con-
centrations of hydrogen peroxide could be difficult at large scale.

The potential economic benefits of other process improvement, such as decreased enzyme
deactivation, by applying a given oxygen supply method is more difficult to access in a gen-
eral manner, because the values will change from case to case. Nevertheless, an analysis in
Chapter 4 showed the clear economic benefit from applying an oxygen supply method ca-
pable of increasing the dissolved oxygen concentration when utilizing an enzyme with a
Michaelis constant for oxygen above the solubility limit. Here in was shown that by increas-
ing the headspace pressure to 10 bars, or preferably bubbling with pure oxygen instead of
air, the dissolved oxygen concentration in solution could be increased without decreasing
the oxygen transfer rate. Thereby, the enzyme being limited by oxygen would operate closer
to its maximum velocity, and thus reduce the overall cost by decreasing the enzyme require-
ment while maintaining the desired productivity. This example highlights the importance of
carefully characterizing an enzyme before choosing a suitable oxygen supply method. A
similar analysis can be made for other process improvement, e.g. decreased stripping of a
volatile compound or decreased deactivation of a gas-liquid interface sensitive enzyme.

8.2 Improving the oxygen reactivity of enzymes through protein engi-

neering

The analysis presented in Chapter 4 clearly showed that at a point in the development of an
enzyme towards a certain reaction, it would no longer be the binding and reaction of the
‘primary’ substrate that determines the overall rate of reaction at industrial scale, but rather
the binding and reaction of oxygen with the reduced enzyme. This is primarily due to the
low solubility of oxygen in water and the requirement to a driving force to transfer oxygen
from a gas-phase, combined with the high Kwvo values of many oxygen dependent enzymes
relative to the solubility of oxygen.

The oxygen reactivity (measured by the bimolecular rate constant, i.e. the ratio of keat/Kmo)
of most oxygen dependent enzymes are excellent (i.e. >10° s* MY) although not at the dif-
fusion limit (108-10° s M1). At this point, it is not clear if and how much the bimolecular
rate constant of a typical oxygen dependent enzyme can be improved, because of the already
high oxygen reactivity of most enzymes and the particularly unfavorable initial electron
transfer to molecular oxygen. Chapter 7 illustrated that by screening a GOase mutant library
at reduced oxygen conditions it was possible to identify a variant different from those typi-
cally identified when screening at atmospheric conditions. The identified variant showed a
significantly improved bimolecular rate constant with oxygen and lower Kvo value when
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characterized in the TiTR, thus confirming the increased reactivity at low oxygen conditions.
Interestingly, the bimolecular rate constant with the ‘primary’ substrate, HMF, had de-
creased, but when considering the catalytic rate obtainable at typical ‘primary’ substrate and
oxygen concentrations at industrial scale, the newly identified variant was performing sig-
nificantly better.

This preliminary study shows the importance of including the effect of oxygen in the screen-
ing efforts when developing novel enzymes, especially in the later stages of protein engi-
neering, and that it is possible to change the oxygen reactivity of GOase through modifica-
tion of single amino acid residues. Combining molecular dynamics simulations of oxygen
diffusion through the protein to predict hotspots for amino acid substitution with a directed
evolution effort dedicated to improving oxygen reactivity could potentially lead to even fur-
ther improvements [3,4]. Nevertheless, it is impossible to know how close to the diffusion
limit it is possible to get, even with a significant protein engineering effort. In any case, even
small improvements in the reaction rate at low oxygen concentrations are directly translated
into reduced enzyme requirements and thus potentially significant cost savings.

8.3 The application of galactose oxidase as an industrial biocatalyst
GOase efficiently catalyzes oxidations of a range of primary alcohols to aldehydes. Protein
engineering has proven that it is possible to extend the substrate scope significantly beyond
the natural substrates and even as far as secondary alcohols. However, GOase requires a
range of additives thus making it a complex system. The radical in the active site is very
reactive, and may react with the solvent or trace molecules that can donate a single elec-
tron. The radical is protected from solvent interactions by the shells of amino acids sur-
rounding it, and ‘wrong’ mutations to the shells can result in an enzyme that readily loses
its radical and renders it inactive [5]. The partially reduced, inactive form of GOase can be
reactivated by supplying a single electron oxidant, which typically is horseradish peroxi-
dase (HRP). Additionally, GOase, in the form applied in this project, requires copper in the
reaction mixture to ensure that the enzyme is fully loaded at all times, and catalase to de-
compose the hydrogen peroxide generated in the reaction. Thus, the reaction system is
composed of three enzymes that all are required to be stable throughout the reaction and
preferably not inhibited to a significant extend by reaction components.

Neither the stability nor the inhibition profile of horseradish peroxidase or catalase has
been the subject of a detailed investigation in this work. Nevertheless, a preliminary inves-
tigation showed that HRP was significantly inhibited by benzaldehyde and that the nor-
mally stable enzyme was significant deactivated in the presence of benzyl alcohol and ben-
zaldehyde (data not shown). Furthermore, a recent study has questioned the stability of cat-
alase from bovine liver (the most widely applied catalase in biocatalytic studies) whereas
catalase from Aspergillus Niger appeared significantly more stable [6]. The stability and
inhibition of the auxiliary enzymes should be a topic for further investigation before apply-
ing GOase in an industrial process. To overcome potential stability problems of HRP, it
can be considered to exchange the peroxidase to soybean peroxidase that has been reported
to be more stable in presence of organic compounds [7].
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As mentioned above, other preliminary data suggests that GOase has significant problems
of both deactivation and inhibition by benzaldehyde, which results in problems of obtain-
ing high conversions at high substrate loadings. The deactivation and inhibition need to be
further characterized, and methods to alleviate the problem should be pursued. This could
be protein engineering strategies to improve the enzyme tolerance to high concentrations of
aldehydes or in situ product removal strategies could be implemented, such as a secondary
organic phase. In case of a two-phase system, the solvent should preferably be high boiling
to avoid evaporation and have a high affinity for benzaldehyde while a low affinity for
benzyl alcohol. This could be p-xylene or undecane.

Overall, GOase has the potential to become a widely industrially applicable biocatalyst for
oxidizing primary and secondary alcohols, especially if the problems of aldehyde deactiva-
tion and inhibition are solved.
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Chapter 9

Conclusions

Oxidation reactions catalyzed by oxygen dependent enzymes are a promising alternative and
complement to chemical oxidations especially in the fine- and specialty-chemical industry.
However, to date the industrial implementation of biocatalytic oxidations is still limited. In
this thesis, work aiming at bridging the gap between interesting enzymes under development
and industrial implementation has been reported to facilitate the broader adaption and im-
plementation of oxygen dependent enzymes in the chemical industry. The main conclusions
drawn from the investigation are summarized below:

Bubble aeration in stirred tanks was found to be the most effective way of supplying
oxygen to a biocatalytic reaction when only considering the cost of aeration and ag-
itation and excluding derived cost reductions, such as increased enzyme stability by
avoiding gas-liquid interfaces. Increasing the headspace pressure or bubbling with
pure oxygen could increase the maximum oxygen transfer rate, but does not increase
the cost of supplying oxygen.

Alternative oxygen supply methods, such as membrane aeration and hydrogen per-
oxide decomposition, were found to be significantly more expensive to employ. Nev-
ertheless, when considering derived effects, such as a greater enzyme utilization ef-
ficiency if operating at a higher oxygen concentration, alternative oxygen supply
methods may turn out to be cost effective if developed further.

The oxygen reactivity of enzymes are often not considered when developing an ox-
ygen dependent enzyme. Nevertheless, many industrially relevant enzymes display
Michaelis constants for oxygen (Kwmo) close to or above the solubility of oxygen in
water. Thus, the catalytic rate will in practice be limited by the availability of oxygen.
Recognizing this is important when deciding upon protein engineering objectives and
designing oxygen supply methods.

Automated kinetic characterization of oxygen dependent enzymes was achieved by
the development of the tube-in-tube reactor (TiTR). The TiTR employs membrane
aeration, pressurization, and pure oxygen to control the oxygen concentration in so-
lution up to a concentration 50-times the saturation concentration at ambient condi-
tions. By carefully controlling the flow regime in the reactor, time-series data could
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be generated by ramping the flow and continuously analyzing the product formation
using UV-vis spectroscopy.

The TiTR enabled the characterization of six galactose oxidase (GOase) variants for
their ability to catalyze the oxidation of 5-hydroxymethylfurfural (HMF). The kinetic
characterization confirmed that a variant identified in a high-throughput screen at
low oxygen conditions was indeed more active in a reaction at low oxygen concen-
trations. It was show that the variant had a 10-fold lower Kmo and a 2-fold higher
keat/Kmo than the second best characterized variant, making it a significantly better
biocatalyst at industrially relevant oxygen concentrations. The study confirmed that
it is possible to improve the oxygen reactivity of GOase using protein engineering.
GOase was investigated as a potential industrial biocatalyst for the oxidation of al-
cohols to aldehydes and ketones. It was found to be a complex enzyme system be-
cause not only was catalase required for the degradation of hydrogen peroxide, but
also copper and a single electron oxidant in the form of a peroxidase were required
to ensure the full activity of the enzyme. Furthermore, the buffer type and concentra-
tion had a significant impact on the activity. Nevertheless, the high activity of GOase
and the broad range of possible substrates it can covert makes it suitable as a target
for further development.









Chapter 10

Future perspectives

In the following chapter, a range of recommendations for future research topics will be sug-
gested and discussed.

10.1 Protein engineering challenges
Three specific challenges for protein engineering that would significantly improve the in-
dustrial viability of oxygen dependent processes are listed below.

Lowering the Michaelis constant for oxygen, Kmvo, while maintaining or improving the ox-
ygen reactivity, keat/Kmo, could significantly reduce the enzyme requirements for many in-
dustrially relevant enzymes as discussed in lengths throughout the thesis.

A general methodology for improving the gas-liquid interface stability of enzymes and gen-
eration of examples upon which it is feasible, could encourage development of enzymes
otherwise discarded due to poor gas-liquid interface stability. To enable this, a better under-
standing of the phenomenon of unfolding at the gas-liquid interface and subsequent deacti-
vation or aggregation is required.

The aldehyde tolerance of enzymes is a general problem experienced when aldehydes are
either a substrate or a product of an oxidation reaction. So far, there are still only limited
examples of successful protein engineering strategies to improve an enzyme that otherwise
shows limited aldehyde tolerance. The deactivation effect will vary depending on the reac-
tivity of the aldehyde, and it is probably not possible in all cases to increase the tolerance to
an extent that allows industrial implementation without a form of in situ product removal
(ISPR). Nevertheless, some aldehyde tolerance is important to uphold a driving force for
ISPR.

10.2 Oxygen supply methods

During this thesis, it has been established that the alternatives to aerated stirred tank reactors
would not be economically advantageous if just considering the cost of agitation and aera-
tion, and only headspace pressurization or pure oxygen aeration of a stirred tank would result
in a similar cost of transferring oxygen. The construction of bioreactors for handling above
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ambient pressures are standard procedure if not in the biotechnological industry then in the
chemical.

Although membrane aeration adds to the cost of oxygen supply, it offers the advantage of
improving the stability of enzyme sensitive to gas-liquid interfaces. Instability to gas-liquid
interfaces can potentially put a stop to industrial implementation of many enzymes, if the
stability cannot easily be improved through protein engineering. Membrane aeration can
therefore be of significant importance for oxygen dependent enzyme processes (or other gas
dependent enzymatic processes for that matter) in the future. Membrane aeration has been
demonstrated at pilot scale and a few examples of industrial scale wastewater treatment plant
trials exist. However, as demonstrated in this thesis, moderate pressurization of the mem-
brane module and the reactor is necessary in order to bring down the cost of oxygen supply.
Pressurization of membrane modules in general is standard procedure. Nevertheless, labor-
atory and pilot scale demonstration of pressurized membrane aeration will be paramount to
validate the cost of oxygen supply and the advantages when applied in oxygen dependent
biocatalysis.

10.3 Application of a tube-in-tube reactor for industrial scale synthesis
The tube-in-tube reactor (TiTR), applied for the analysis of oxygen dependent enzyme ki-
netics, offers the possibility to conduct biocatalytic oxidation reactions in flow at high oxy-
gen concentrations and at high oxygen transfer rates. The TiTR was originally developed for
preparative scale organic synthesis [1], and later also applied for biocatalytic oxidation re-
actions on a gram-scale [2,3]. For biocatalytic oxidations, high volumetric productivities
(>10 g L't h'Y) were obtained in the TiTR due to the high oxygen concentration and transfer
rate [2,3]. The small tube dimensions applied for the kinetic characterization corresponds to
a specific surface area of 17000 m?/m>. Together with the high oxygen permeability of the
inner membrane, this results in a volumetric mass transfer coefficient in the range of ~20000
h, two orders of magnitude above the ki a typically found in stirred reactors. The construc-
tion of the TiTR from polymer tubes allows moderate pressurization to be straightforward,
as long as both the inner and outer tube is pressurized to avoid significant cross-membrane
pressures. The above ambient pressure of oxygen (up to 10 bars in the current setup) com-
bined with the high kia value results in oxygen transfer rates up to three orders of magnitude
above what can be expected in bubbled stirred reactors. The large oxygen transfer potential
can be used to transfer oxygen (i.e. having a large driving force) or to increase the oxygen
concentration in solution thus using the applied enzyme more efficiently, or a combination
of these. Additionally, the membrane-assisted aeration in the TiTR enables the application
of enzymes sensitive to gas-liquid interfaces.

These obvious advantages makes the TiTR an interesting option for larger scale synthesis if
constructed as a fiber-bundle reactor with the reaction mixture inside the membrane fibers
and pressurized oxygen in the casing around the bundle. Although such a reactor would
enable much higher productivities and more efficient use of high Kmo enzymes, there are
also a range of potential drawbacks of the technology. First, the membrane material, Teflon
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AF-2400, is very expensive (the resin price is ~25000 USD kgt). The material requirement
for each membrane fiber is limited, but the total requirement will be substantial. Second, the
small dimensions of the fibers currently used will result in large pressure drops (for the 3 m
TiTR the pressure drop is as high as 1 bar even at the very low flow rates applied) that will
only increase with the increasing length to obtain the volume and residence time required to
reach close to full conversion. Therefore, fibers with larger diameters are required, which
will increase the diffusion lengths and reduce the specific surface area, thus decrease the
oxygen transfer capabilities. Larger inner diameters could lead to substantial radial oxygen
gradients as showed by Yang and Jensen (2013), although this was for a fast chemical reac-
tion [4].

Nevertheless, a fiber-bundle reactor constructed from a chemical resistant material with high
gas permeability could potentially be a future reactor for conducting biocatalytic reactions
requiring a gaseous substrate. It will require more research to develop a functional system,
demonstrate the applicability, and ensure the economic viability. Furthermore, the cost of
membrane material has to decrease, either through a reduced cost of Teflon AF-2400 or
through the development of a cheaper alternative.

10.4 Oxygen dependent biocatalysis in alternative media

Enzyme catalysis in neat (or nearly anhydrous) organic solvents has been extensively studied
due to the clear industrial advantages such as increased solubility of non-polar substrates,
reversal of hydrolysis reactions, alteration of specificity, and the ability to use enzymes in
chemical processes without performing a solvent swap [5]. For oxygen dependent biocatal-
ysis, the foremost advantage would be the increased solubility of oxygen in hydrophobic
solvents compared to that in water [6,7]. As examples, the molar solubility of oxygen in
toluene, acetone, and hexane is 7, 9, and 13 times that of oxygen in water at 25 °C and 1 bar
gas pressure, respectively. However, the solubility in molar fractions are 42, 38, and 98 times
that of oxygen in water, respectively, due to the larger molar volume of the organic solvents.
It is difficult to predict the direct effect of an increased molar fraction of oxygen on the
enzyme activity with oxygen. The reaction rate will be dependent on the thermodynamic
activity of the reactants (converging towards the concentration in dilute aqueous systems),
which will change with the solvent, and of course the ability of the enzyme to function in
the organic solvent. Nevertheless, a larger molar fraction of oxygen will correspond to an
increased tendency of enzyme-oxygen collisions and thus presumable an increased reaction
rate. Similarly, the higher solubility of oxygen in organic solvents will translate into a higher
driving force for oxygen transfer, thus increasing the maximum oxygen transfer rate. On the
other hand, the use of potentially volatile organic solvents will require very careful control
of the reactor (pressure and oxygen content in aeration gas) to avoid the formation of explo-
sive atmospheres, and from a safety perspective, preferable higher boiling solvents should
be applied. Alternatively, membrane aeration could be developed as a safer alternative to
bubble aeration. Finally, organic solvents need to be recycled, which especially for high
boiling solvents can be a difficult and energy consuming process.
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Examples of the use of oxygen dependent enzymes in organic solvents (although only mix-
tures of water miscible solvents and water) do exist, such as the application of monolignol
oxidase and cholesterol oxidase in mixtures of water and water miscible solvents [8,9]. How-
ever, the examples are still limited and the area requires significant research to enable the
application of oxygen dependent enzymes in anhydrous organic solvents.

lonic liquids are an alternative to organic solvents, which are the topic of much research
including for biocatalytic applications, due to their ability to dissolve almost anything [10].
For oxygen dependent biocatalysis, ionic liquids could serve as a solvent due the immediate
advantages of zero partial pressure (i.e. no evaporation) and high oxygen solubility (at best,
100 times higher than for water on a mole fraction basis) [11]. However, as for most ionic
liquid applications, it will require efficient strategies for removing the product from the ionic
liquid, and regeneration and recycling of the often expensive ionic liquids.

Another interesting development is the application of enzymes for gas-phase catalysis, such
as the recent example of hydroxylation of methane to methanol by methane monooxygenase
(MMO) embedded in a hydrogel [12]. By carefully designing the hydrogel structures, the
specific surface area could be maximized to reduce mass transfer limitations. Further devel-
opments in this area could enable gas-phase biocatalytic reaction at industrial scale thus
avoiding the slow transfer of gaseous compounds to an aqueous phase. One could even im-
agine a process where co-factors, such as NADH required by the MMO, are regenerated
using hydrogenases supplied with hydrogen also from the gas-phase.
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Appendix A

Supporting information for Chapter 3

A.1 Nomenclature

Parameter Description Unit
a Area available for mass transfer m?
Anmt Membrane module footprint m?
AF Annuity factor yl
c concentration mol m?3
Cc Cost of capital usD
Csc Specific cost of capital USD ht
Ci Pressure vessel correlation factor USD kg
Cl Chemical engineering plant cost index -
D Vessel diameter m
D¢ Membrane fiber diameter m
Dot Distance between membrane fibers, fraction of fi- -
ber diameter
Dr Vessel diameter m
E; Welding joint efficiency -
f Vessel filling fraction -
F Fraction of oxygen in gas transferred to liquid -
Fre Fraction of tank height used to expose membrane -
fibers
Fg Molar flow of gas mol s
Fsat Degree of liquid saturation in membrane outlet -
Fle Gas flow number -
Fr Froude number -
g Gravitational acceleration m s
H Vessel height m
IR Interest rate yt

Keat Enzyme rate constant st
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kLa Volumetric mass transfer coefficient st
Kn Henry’s constant bar m3mol*
KL Membrane mass transfer coefficient mol h! bar! m2
Kwm Michaelis constant mol m?3
Ly Membrane fiber length m
my Pressure vessel weight kg
ms Pressure vessel shell weight kg
Mmh Pressure vessel head weight kg
m{I ‘;eo"; Mass fraction of H2O; in feed -
M Molar mass kg mol
N Stirrer speed st
Nt Number of membrane fibers -
p Pressure Pa
P Power input kw
Po Impeller power number -
Pg/P Ungassed to gassed power draw ratio -
PIV Power input per unit volume kw m3
Qi Liquid flow rate mé st
Qq Gas flow rate mé st
r Reaction rate mol m3s?
R Ideal gas constant Pam?® K mol?
S Equipment scaling parameter -
Ss Maximum allowable working stress Pa
SF Equipment scaling exponent -
ts Batch time h
tc Corrosion allowance m
to Depreciation time y
tp Plant running time hy?!
ts Pressure vessel shell wall thickness m
th Pressure vessel head wall thickness m
T Temperature K
Vs Superficial gas velocity ms?
\Y, Volume m?
W Work kw
Greek letters
pL Density of liquid kg m3
Pm Density of metal kgm

Compression factor
Packing density, membrane module
Efficiency
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A.2 Detailed description of technologies and assumptions

A.2.1 Reactor dimensions

Bioreactors are typically not filled to their maximum capacity due to the volume increase
upon aeration and the risk of foam formation. Therefore, a filling level of 80% of the total
reactor volume is assumed for all supply methods, although it can be argued that a reduced
head-space can be tolerated for methods not employing direct bubbling of the reaction me-
dium. The reactor is assumed to have an aspects ratio (H/T, height to tank diameter) of 3.
The 100 m?® reactor is stirred by three Rushton turbines (D/T = 0.3, impeller diameter to tank
diameter) when mixing is required, while the 10 m3 reactor is stirred by two Rushton tur-
bines. Rushton turbines might not be the ideal choice for oxygen transfer, but the character-
istics in terms of expected mass transfer coefficient and flooding characteristics are well
known [1], and for this analysis, the improvement of choosing another impeller would be
minimal compared to the uncertainties assumed.

A.2.2 Stirred tank reactor

Oxygen mass transfer in a stirred tank reactor (STR) is typically predicted using empirical
correlations relating the volumetric mass transfer coefficient (k.a) to the power input per
unit volume (P/V), the superficial gas velocity (vs), and the viscosity of the medium [2]. A
correlation developed by Van’t Riet (1979) for fermentation volumes up to 2.6 m® was ap-
plied in the simulations. The power input was taken as the combined power input from aer-
ation and mechanical agitation, since power input from aeration is significant at large scale
[3]. The superficial gas velocity was taken in the top and bottom of the reactor to calculate
the kia at the given conditions based on which an overall k.a for the reactor was calculated
by calculating the logarithmic mean. This was done to allow for the change in gas volume
through the reactor as oxygen is consumed and the remaining gas expands. The driving
force for oxygen transfer was calculated as the logarithmic mean of the driving force in the
inlet and outlet.

In general, there are two degrees of freedom when operating a STR — the stirring speed and
the aeration rate. The conditions resulting in the lowest total cost of oxygen transfer were
found by a nonlinear constrained optimization routine, minimizing the total cost of oxygen
transfer by changing the total power input and the aeration rate. The minimization was con-
strained to a total power input of 0-5 kW m and an aeration rate of 0-2 vvm. Furthermore,
the minimization was constrained by the flooding-loading conditions for a Rushton turbine
to avoid flooding of the bottom impeller to ensure the validity of the k.a correlation [1]. By
applying these constrains, the maximum kya for the large reactor (100 m®) was 1203 h at 5
kW m and 0.91 vvm, while the maximum for the small reactor (10 m®) was 1138 h* at 5
kW m=2and 2 vvm.

The cost of the reactor vessel is calculated based on the total weight of the reactor constructed
in stainless steel [4]. Thereby the effect of increased pressure on the cost can be incorporated.
For enriched air applications, the cost of pure oxygen will be a major cost contributor. The
cost of pure oxygen is determined by the volume required, the purity of the oxygen, and the
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cost of electricity. For simplicity the cost of oxygen is assumed to be 80 USD MT delivered
on-site with a purity of 95%, which is in line with the typical cost of oxygen [5,6]. No addi-
tional capital costs for handling and storing pure oxygen were taken into account in the anal-
ysis.

A.2.3 Membrane aeration

Submerged and external membrane aeration were considered in the analysis. Both systems
rely on hollow fiber modules, since these are well suited for membrane contacting due to the
limited pressure drop and high specific surface area. The membranes can be made of porous
or dense materials such as polypropylene, polyethylene or polymethylsiloxane. The mem-
brane introduces an additional barrier for oxygen transfer, which together with the liquid
film layer resistance makes up the overall resistance to oxygen transfer. The overall re-
sistance (i.e. the inverse of the mass transfer coefficient) can be estimated by combining the
liquid film resistance, calculated from empirical correlations of the Sherwood number at
given hydraulic diameter and linear velocity, and the membrane resistance. The linear ve-
locity in a hollow fiber bundle submerged in a stirred reactor will change dependent on lo-
cation in the reactor and it is difficult to estimate without the use of computational fluid
dynamics [7]. For the external membrane module configuration the linear velocity can be
freely chosen through the design of the module, in practice the optimal velocity will depend
on the increase in pressure drop across the module and reduction in mass transfer coefficient
upon further increase in velocity. Therefore, the overall mass transfer coefficient was as-
sumed to be 0.2 mol h'* bar! m, independently of the stirring rate of the reactor (in the case
of a submerged module) and the membrane module configuration (in the case of an external
module). This value is similar to mass transfer coefficients reported for both porous and
dense membranes [8,9].

Membrane fouling is an often encountered problem for membrane separations, which greatly
reduces the mass transfer coefficient across the membrane. However, for membrane aeration
fouling is not considered a problem, primarily because no solute is transferred from the liquid
stream and therefore no concentration polarization happens [10]. Voss et al. (1999) showed
that membrane aeration could function in a wastewater treatment plant for several hundred
days without cleaning and without significant performance decrease. In case cleaning is
needed when applying membrane aeration in a bioreactor, it is assumed the costs are low
compared to other costs and can be covered by the general maintenance expenses.

Another important parameter for membrane aeration is the cross membrane pressure at
which bubbles start to form on the liquid side of the membrane due to saturation of liquid at
the membrane surface. The formation of bubbles cause a decrease in oxygen transfer rate
and for gas-liquid interface sensitive enzymes, they might increase deactivation rate. Bubble
formation depends on the type of membrane and the resistance across it, typically the bubble
point for porous membranes are below one bar, while it for dense non-porous membranes
can be up to four bars, and for composite membranes is as high as seven bars [11,12]. Hence,
a maximum cross-membrane pressure of four bars was assumed for the analysis.
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For the submerged membrane configuration, the packing density of the hollow fibers in the
reactor determine the limit for the oxygen transfer rate. An outer fiber diameter of 1 mm and
distance between fibers of 1.5 mm was assumed. This corresponds to a module packing den-
sity of 0.29. Additionally, it was assumed that the membrane module cannot occupy more
than 25% of reactor volume and that 75% of the reactor height can be used for exposing
membrane fibers. Overall, this corresponds to a maximum specific membrane area in the
reactor of 272 m?/m?3,

For the external membrane configuration, the oxygen transfer rate will be directly propor-
tional to the circulation rate of reaction media through the membrane module. The cost of
pumping the liquid is determined by the pressure drop in the circulation loop. The pressure
drop across the membrane module itself was found to be insignificant due to the limited
linear velocity and length of module required to saturate the liquid to the desired degree.
However, because of the high recirculation rates required a significant pressure drop can be
assumed due to friction in pipes and fluid distributors. A pressure drop of three bars was
assumed in the analysis.

The fraction of oxygen transferred from the gas to the liquid and membrane pressure are
design parameter which are important for the cost of oxygen transfer. Additionally for the
external configuration, the dissolved oxygen concentration leaving the module can be varied
to minimize the cost. The set of design parameters resulting in the lowest total oxygen trans-
fer cost were found using a non-linear minimization routine constrained by the physical
boundaries and the maximum four bar cross-membrane pressure. Furthermore, external
membrane aeration was constrained by a maximum recirculation rate of 10 reactor volumes
per hour. For both membrane configurations, the technology were evaluated at increased
reactor pressures and when applying enriched air to increase the driving force across the
membrane.

A.2.4 Hydrogen peroxide degradation

in situ generation of oxygen via hydrogen peroxide degradation using catalase reduce the
capital costs, since air compression and intensive stirring is avoided. However, an additional
operating expense is introduced due to the need for hydrogen peroxide and catalase. As for
other chemicals, the cost of hydrogen peroxide is highly dependent on the amount required
and the location of delivery. Ciriminna et al. (2016) recently reported the cost of hydrogen
peroxide to 700-1200 USD MT* on a 100% (w/w) basis, a base-case cost of 950 USD MT-
1 was assumed for the analysis. Catalase is an enzyme produced in bulk-quantities for which
the cost typically lies in the range of 250-1000 USD MT! crude protein [13], a base-case
cost of 625 USD MT! was assumed.

A potential short coming of the technology is the oxidizing nature of hydrogen peroxide,
that may damage catalase and the oxygen requiring biocatalyst(s) present in the reaction
medium [14,15]. It is therefore highly important to keep the concentration of hydrogen per-
oxide below a critical limit at which enzyme deactivation can be avoided. The critical limit
together with the kinetics of the enzyme determines the concentration of catalase required.
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Furthermore, mixing becomes important as scale increase to mix the concentrated hydrogen
peroxide feed into the bulk liquid to avoid regions of the reactor with high hydrogen peroxide
concentrations. For the analysis, it was assumed that a power input of 0.5 kKW m was suffi-
cient to ensure efficient mixing.

Hydrogen peroxide is potentially explosive at high concentrations. Safe handling of hydro-
gen peroxide solutions up to 70 % (w/w) is possible, as solutions below 70% (w/w) do not
contain enough energy to vaporize water and therefore cause a steam explosion. The cost of
hydrogen peroxide storage and safe handling was not included in the cost analysis. The water
added with the hydrogen peroxide takes up capacity in the reactor in the analysis this was
compensated for by increasing the reactor size appropriately.

A.2.5 Other assumptions

A number of values essential for scaling and costing of the oxygen supply methods, and not
taken into account in the Monte Carlo simulations, were assumed values obtained in litera-
ture or by expert knowledge. The most important of these have been mentioned in the sec-
tions above. All parameter values not included in the Monte Carlo simulations are listed in
Table A.1.

Table A.1. Parameters required for calculations but not varied in Monte Carlo simulations.

Parameter Value Units Reference
General parameters

Reactor fill 80% - Estimation
Liquid density, pL 1000 kg m3

Henry’s constant, oxy- 1.3 mol m= bar? NIST

gen

Oxygen content, pure ~ 95% - [6]
oxygen

Capital cost estima-

tion

Depreciation time, tq 15 Y [13]

Batch time, tp 16 H Estimation
Plant running time, t, 5840 hly

Interest rate, IR 7% - [13]

Lang factor 5 - [4]
Maintenance 5% of FCC [4]

Fixed OPEX 15% of FCC [4]

Labor cost 32 USD/h [16]

Labor requirement 0.5/1 Workers/reactor ~ Estimation
(10m3/100m?3)

Pressure vessel
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Joint efficiency, E;j 0.85 - [4]
Maximum allowable 79300 kPa [4]
working stress, Ss
Corrosion allowance, 3.8 Mm [4]
tc
Density, SS316 7833 kg m3 [4]
Aerated stirred tank
reactor
Impeller to tank diam- 0.3 - [17]
eter ratio, D/T
Number of impellers 3 Estimated
Impeller power num- 5.6 - [1]
ber, Po
Gassed to ungassed 0.5 - [18]
power number, Py/Po
Membrane aeration
Fiber diameter, Ds 103 M [19]

Fiber distance, frac- 1.5 - Estimation
tion of D¢, Dyt

Fiber length, fraction  0.75 - Estimation
of reactor length, Fre

Hydrogen peroxide

degradation

H202 concentration, 70 % (wiw) [20]

feed

Catalase Kcat 7-10° st [21]
Catalase Kwm 43.6 mol m3 [21]
Catalase My 230 kg mol? [21]

A.3 Cost estimation and scaling of equipment

The cost of individual equipment parts were estimated using generally accepted methods
[4,22]. The cost of individual equipment was calculated from values reported in the scientific
literature (Table A.2), which was scaled according to equipment size and updated to current
price levels using the Chemical Engineering Plant Cost Index (Eq. S1, Table 4). The only
exceptions being the fermenter, which was scaled using the methods described in section
S3.1.1, and membrane cost which was scaled linearly.
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c=co(5) (Gl Eq.S1
oS, Clres

In general, prices were obtained in U.S. dollars, but whenever conversion from Euro was
required a conversion factor of 0.94 EUR/USD was used.

Table A.2. Equipment base cost, base size, cost year and scaling factor.

Equipment Size Base cost Cost year Scaling Reference
(USD) exp.

Fermenter, 303 m3 400500 2009 - [23]

Large

Fermenter, 30.3md 95400 2009 - [23]

Small

Agitator, Large 600 kW 580000 2009 0.7 [23]

Agitator, Small 60 kW 63000 2009 0.7 [23]

Compressor 100 kw 69000 2002 0.67 [4]

Pump, Large 2:10* gpm - 1500 1968 0.64 [22]
psi

Pump, Small 2:103 gpm - 650 1968 0.36 [22]
psi

Table A.3 lists the Chemical Engineering Plant Cost Indices used in the costing of equip-
ment.

Table A.3. Chemical Engineering Plant Cost Index for years used in cost estimation.

Year Cl
1968 115
2002  395.6
2009 521.9
2015 556.8

The capital cost are converted into an hourly cost using an annuity factor (AF, Eg. S2) and
the plant running time per year, tp, as shown in Eq. S3 [13].

AF = IR Eq. S2
T (A-(1+IR)
_ CcAF Eq. S3
SC — t

p
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A.3.1 Equipment scaling

Reactor vessel

Good cost correlations for pressurized fermentation vessels are not available in the scientific
literature. The cost of the fermenter was therefore calculated from weight based cost corre-
lation as described in Peters et al. (2003) for pressure vessel and applied by [24] (Eq. S4).

C = C; m;%3% Eq. S4
Where C is a unit cost in dollars per kg, my is the total mass of the pressure vessel, and C; is
a parameter calculated from existing data. For the current case, C, is calculated from the
bioreactor costs given in Table 3, with the weight of these calculated using the design pro-
cedure described below. For the 125 m* (100 m? liquid volume) bioreactor, Cl was calculated
to 311 USD kg, while it for the 12.5 m3 bioreactor was calculated to 287 USD kg

The minimum wall thickness, t, for the cylindrical shell and torispherical heads is calculated
from Eq. S5-S6 using a maximum allowable working stress, Ss, for Stainless Steel 316 of
79,300 kPa, a joint efficiency, Ej, of 0.85, and corrosion allowance, tc, of 3.8 mm [4]. The
design pressure of the vessel is taken as the sum of the hydrostatic pressure in the bottom of
the fermenter, the headspace pressure and 2.5 bar safety margin. Based on the wall thickness,
the weight of the vessel can be calculated using Eq. S7-S8 and the density of stainless steel
316 of 7833 kg/m?®.

1 Eq. S5
ts = Pl +t q
S SEj—06p ¢
__ 0885 %DT .. Eq. S6
PTS,E-01p ¢
mg = p,, T OD H ¢t Eq. S7
2 Eq. S8
_ 24

Agitation and aeration for bubble aeration in stirred tanks

The oxygen transfer rate in stirred tanks is typically modelled assuming that all resistance
towards gas transfer lies in the liquid film layer. In other words, the oxygen transfer rate is a
function of the mass transfer coefficient, ki, the interfacial area available for mass transfer,
a, and the difference between the oxygen concentration at the gas-liquid interface (i.e. the
saturation concentration at the given conditions), C3%, and the dissolved oxygen concentra-
tion in the bulk liquid, Co,. The interfacial area is difficult to determine for gas-liquid mix-
ing, therefore the mass transfer coefficient and the interfacial area is taken as one, the volu-
metric mass transfer coefficient, kia.

OTR = kya (¢33t — cpz) Eqg. S9
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Typically, kia is predicted from empirical correlations of the power input per unit volume,
P/V, the superficial gas velocity, vs, and the viscosity of the medium [2]. Since most biocat-
alytic oxidations are conducted in media with a viscosity close to that water, a correlation
developed by Van’t Riet (1979) for non-viscous media was applied to predict k.a at both
scales investigated. Although one should be careful when applying such correlations in re-
actor geometries different from where it is developed. The applied correlation are originally
developed for a 2.6 m? reactor.

kia= 2.6-10"2(P/V)%4v25 [s71] Eq. S10

The superficial gas velocity was calculated from the cross-sectional area of the bioreactor
and the volumetric gas flow rate. Hence, the superficial gas velocity will vary with hydro-
static pressure up through the water column. Furthermore, oxygen is consumed by the bio-
catalytic reaction, whereby the total molar flow decreases through the reactor, assuming that
the gas phase is not well mixed. This is especially important for pure oxygen sparging, where
the consumption of oxygen results in a proportional reduction in gas volume, since no or
very little nitrogen is diluting the gas. To accommodate for this phenomena, k.a was calcu-
lated at the bottom and the top of the reactor, and an overall k.a was calculated as the loga-
rithmic mean of the two values. Similarly, a logarithmic mean was used to accommodate the
changing driving force as oxygen is consumed.

The optimization to find the minimum cost at a given oxygen transfer rate is constrained to
avoid flooding of the bottom impeller, as this greatly reduces the power draw and the validity
of the k.a correlation [1]. Flooding of turbines occurs when the gas flow number, Flg, of the
turbine (which is proportional to the ratio of the air flow rate from the sparger to the pumping
capacity of the agitator) is greater than a critical value, (Flg)r. For a Rushton turbine the
critical value is given by Eq. S11 [1].

(Fl)r = 30(D/T)*>(Fr)g Eqg. S11
The Froude number, Fr, describes the ratio of inertial to buoyancy forces, and is given by
Eq. S12. The gas flow number is given by Eqg. S13 [1].

o N2D Eq. S12
T =
g
Qg Eq. S13
Flg =373

For a given impeller diameter, D, these equations can be used to calculate a minimum stirring
speed, N, to avoid flooding at a gas flow rate, Qq. The stirring speed relates to the power
drawn by the agitator via Eq. S14.

P = p,N3D5P,(P,/P) Eq. S14
The power number, Po, for a Rushton turbine in turbulent conditions can safely be assumed
to be 5.6 [1]. An impeller pumping a gas-liquid dispersion draws less power than an impeller
pumping only liquid. This phenomenon is described by the ungassed to gassed power draw
ratio, Pg/P, which changes with the rate of aeration. However, for typical aeration rates the
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ratio is approximately 0.5 [18]. It is furthermore assumed that the 2-3 Rushton turbines is
fully independent of each other.

Aeration in membrane systems

In many aspects membrane aeration is similar to bubble aeration in stirred tanks, with the
difference that the gas-liquid interface is created by a membrane instead of by mechanical
mixing of gas and liquid. The calculation of oxygen transfer rate is therefore also analogues
to the method described above for stirred tank aeration. The following analysis is adapted
from the well explained analysis of membrane aeration by Coté et al. (1988).

The oxygen transfer rate from the gas phase, through the membrane, to the liquid phase is
described by Eq S15. Where the main difference from the stirred tank reactor is that the area
available for oxygen transfer is known and that the mass transfer coefficient, K., describes
not only the liquid film resistance to oxygen transfer but also the resistance in the membrane.

OTR = K; a Apo, Eg. S15
The driving force for oxygen transfer is the difference in partial pressure of oxygen, Apoz,
which changes along the membrane module. For the submerged membrane module the par-
tial pressure in the bulk liquid is constant along the module, while the partial pressure in the
membrane fibers change from the entrance to the exit (Eq. S16).

(Appy)e, = PO TPE o= (A= F)pdh Eq. 516
Poz2)sm = in _ bulk \ in _ . cbulk
In (%) ln< Poz inH o2 bulk>
Poz" ~ Po2 (1 —=F) poz — ku co3
. it :
(Apgy)py = PO P0E) ~ (P62 P35 Eq. S17
( PSy—pos )
In| ———"=-
Pyt —poy™!

_ (ploré B kH C(I;IZL”() - ((1 - F)p(i)ré — FsatyOZPm)

ln( Poz — FsatyOZPm )
(1= F)pgy = ku 55"
From the above equations, it is clear that two degrees of freedom exist for a submerged
membrane reactor, namely the fraction of oxygen transferred from the gas, F, and the mem-
brane pressure, Pm. For the external membrane configuration, an additional degree of free-
dom is available, namely the degree of saturation in the liquid outlet from the membrane
module, Fsat, which determines the circulation rate required to supply a given amount of
oxygen.

The submerged membrane configuration is limited by the membrane area that physically can
fit into the reactor. In this case, the limit was set based on a maximum fraction of the reactor
footprint that can be taken up by membrane module. The membrane module being a bundle
of hollow fibers, with each fiber having a diameter, D¢, and a distance to all neighboring
fibers of, D Dt. The packing density of the membrane module, @, is given by Eq. S18.
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¢ = T Eq. S18
V3 (1+ Dy’
The required fiber length, Ly, is calculated from the fiber diameter and the required mem-
brane area calculated from Eq. S15-S17. The total number of fibers, N+, required is calculated
from the tank height, H, and the fraction of the tank height that can be used to expose fibers,
Ffe.

L¢ Eq. S19
H Fy,
The membrane module footprint can then be calculated using Eq. S20.

Nf=

Ny D} Eq. S20
mf = W
Hydrogen peroxide degradation
Scheme 2 shows the degradation reaction of hydrogen peroxide.

Catalase
H202 —_— HQO + 5 02

Scheme 2. Degradation of hydrogen peroxide by catalase

The kinetics of the hydrogen peroxide degradation typically follows Michaelis-Menten en-
zyme kinetics [21]. Therefore, Eq. S21 gives the rate of hydrogen peroxide degradation, and
therefrom the rate of oxygen production. The concentration of hydrogen peroxide used, is
the maximum concentration tolerated by the biocatalyst, ¢’ .

kcatccatcll}r;ao); Eqg. S21
Ky + cno,

Pure hydrogen peroxide cannot be handled safely at industrial scale. Therefore, an aqueous

solution is fed to the reactor. The water fed with the hydrogen peroxide takes up space and

therefore a larger reactor is required. The increase in liquid volume is calculated from Eq.
S22.

THZOZ = 27'02 =

M Eq. S22
_ feed \ THy0,MH,0 q
AV = (1 —my50; ;eezd =

H202 PL b

Agitator

The agitation power is calculated as the difference between the total power required to meet
a given oxygen transfer rate and the power input from aeration. The aeration gas dissipates
power to the liquid media as the compressed gas expands as it travels up through the water
column. The power input from aeration is therefore highly dependent on the scale of opera-
tion, at small scale the power input from aeration is insignificant while at large scales it
cannot be ignored as it is a significant portion of the total power input [3]. Eq. S23 and S24
determines the power input from aeration.
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P
(;) =F RTlog(1+22) =q. 523
4 g Phs

Py =pgHf Eq. S24
The power consumption of the motor used for agitation is given from the energy efficiency
of the gear and motor, nagi.

(B) Eq. S25
agi

Compressor
The compressor power requirement is calculated based on the increase in pressure and air
flow rate using the equation for adiabatic compression (Eg. S26) and an adiabatic efficiency,

TNcomp-

Kgir—1
_ R TlF"Q Kair P2\ xaqir 1 Eqg. S26
comp = 1 E —

Where the compressibility factor for air, kair, is 1.4 [4], and the inlet pressure, pa, is 1 atm.

Necomp Kair —

Pump

The power required to pump liquid is calculated based on the pressure increase required (or
the pump lifting height) and the volume of liquid being pumped (Eq. S27).

_ApQ, Eq. S27

Woump =
Npump

A.4 Capital and operational cost distribution

This section compares the distribution of costs for the investigated oxygen supply methods
using the base case parameter values. The distribution will change with the desired oxygen
transfer rate, i.e. at high rates the influence of capital costs are lower than at low rates. The
technologies are therefore compared at constant oxygen supply rate of 50 mol m h, which
all technologies can deliver. The technologies are compared at the 100 m? scale, for 10 m®
the distribution of cost are comparable although the capital costs are more important due to
economy of scale.

A.4.1 Stirred tank reactor

Figure A.1-A.3 shows the cost distribution for the a bubble aeration stirred tank applying air
at atmospheric headspace pressure, applying pure oxygen at atmospheric headspace pres-
sure, and applying air at a headspace pressure of 10 bar, respectively. In each case, the opti-
mization routine used throughout the paper has been used to optimize the power input and
aeration rate to obtain the lowest total cost of oxygen transfer at the given conditions.
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In general, the largest part of the cost can be associated with the cost of the bioreactor and
the cost of labor. When pure oxygen is applied for aeration the capital costs decrease since
air compression is obviated, because the pure oxygen is assumed to be delivered on-site
already pressurized. On the other hand, the cost of pure oxygen adds to the operating costs.
For pressurized operation, the reactor costs increase due to the increased material use to be
able to withstand the increased pressure. Furthermore, both operating and capital costs for
compression increase because the air needs to be compressed to the higher pressure of the
bioreactor. Agitation requirements decrease due to the higher driving force for oxygen trans-
fer, which means that a smaller volumetric oxygen transfer coefficient is necessary to obtain
the desired oxygen transfer rate. This translates into a lower power input and/or superficial

gas velocity.
CAPEX OPEX
Agi: 14%
Agi: 28%
Com: 8%
Main: 4%

Reac: 59% o Lab: 61%
Com: 12% Fix: 1%

SCC =025 USD kg, ™' SOC =0.33 USD kg, '
01 02

Figure A.1. Cost distribution for stirred tank aeration at an oxygen transfer rate of 50 mol m= h-,

CAPEX OPEX_
Agi: 16% ppMaly: 2% Agi: 3%

0,:34%

Lab: 54%
Reac: 85%

SCC =0.17 USD kg, SOC = 0.37 USD kg, '
2 2

Figure A.2. Cost distribution for stirred tank aeration using pure oxygen at an oxygen transfer rate of 50 mol m= h-
1

~ CAPEX OPEX
Agi: 7% Agi: 3%
Com: 16% Com: 24%
Lab: 52%
Main: 5%
Reac: 77% Fix: 15%
SCC =0.39 USD kg, SOC = 0.36 USD kg, '
2 2

Figure A.3. Cost distribution for stirred tank aeration pressurized to 10 bar at an oxygen transfer rate of 50 mol m
Shi,
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A.4.2 Submerged membrane reactor

Figure A.4-A.6 shows the cost distribution for a submerged membrane reactor operated at
atmospheric reactor headspace pressure applying air, at atmospheric headspace pressure ap-
plying pure oxygen, and at 25 bar headspace pressure applying pure oxygen, respectively.
In each case, the optimization routine is used to minimize the total cost of oxygen supply by
changing the cross-membrane pressure and the fraction of oxygen being transferred from the
gas coming into the membrane module.

The biggest cost for submerged membrane aeration is the cost of membrane. The required
membrane area can be reduced by applying pure oxygen for aeration. However, only by
applying headspace reactor pressure the membrane cost can be brought down to levels where
other costs such as reactor cost and cost of oxygen starts to be influential.

A PEX
Com: 499 T rgi 3%

Reac: 5% Lab: 19%

Com: 22%

Main: 14%

Fix: 41%
Mem: 88%

SCC =289 USD kg, SOC = 1.06 USD kg,
2 2

Figure A.4. Cost distribution for submerged membrane aeration at an oxygen transfer rate of 50 mol m3 h,

Agi: 9% Agi: 8%
Main: 7%
Reac: 17% Oy 34%
Fix: 20%
Mem: 74%
Lab: 31%
SCC =0.85 USD kg, ' SOC =0.64 USD kg, ™
2 2

Figure A.5. Cost distribution for submerged membrane aeration using pure oxygen at an oxygen transfer rate of 50
mol m= hL.

CAPEX

Agi: 1% Ve 19% Agi: 10%
em: o o,
Main: 7% O 4%
Fix: 21%
Reac: 70% Lab: 38%
SCC =0.73 USD kg, - SOC = 0.53 USD kg, -
2 2

Figure A.6. Cost distribution for submerged membrane aeration with reactor pressurized to 25 bar and using pure
oxygen at an oxygen transfer rate of 50 mol m=h,
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A.4.3 External membrane reactor

Figure A.7-A.9 shows the cost distribution for an external membrane reactor operated at
atmospheric reactor headspace pressure applying air, at atmospheric headspace pressure ap-
plying pure oxygen, and at 25 bar headspace pressure applying pure oxygen, respectively.
In each case, the optimization routine is used to minimize the total cost of oxygen supply by
changing the cross-membrane pressure, the fraction of oxygen being transferred from the
gas coming into the membrane module, and the saturation level of the reaction media leaving
the membrane module.

As for submerged membrane aeration, the membrane is contributing the most to the overall
cost of an unpressurized reactor system using air for aeration, although the cost of pumping
the liquid through the external membrane module also adds significantly to the overall cost.
When pure oxygen is applied to increase the driving force for oxygen transfer across the
membrane, the overall cost is reduced, although the cost of membrane and electricity cost
for circulation still is the two major costs. When the headspace pressure is increased to 25
bar, both the cost of membrane and the cost of pumping is reduced dramatically. The re-
quired membrane area is decreased due to the increased driving force, and the pumping rate
is reduced because the media can contain more oxygen due to the increased pressure. At this
operating condition, the pressurized bioreactor is the most important cost contributor.
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Figure A.7. Cost distribution for external membrane aeration at an oxygen transfer rate of 50 mol m= h,
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Figure A.8. Cost distribution for external membrane aeration using pure oxygen at an oxygen transfer rate of 50
mol m3 ht,
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Figure A.9. Cost distribution for external membrane aeration with reactor pressurized to 25 bar using pure oxygen
at an oxygen transfer rate of 50 mol m h-,

A.4.4 Hydrogen peroxide decomposition by catalase

The cost of oxygen supply via hydrogen peroxide decomposition by catalase is driven solely
by the cost of hydrogen peroxide, which accounts for 74% of the total cost of oxygen supply
(Figure A.10). The capital cost constitutes only a minor part of the total cost, since the reactor
is unpressurized and only modest agitation is required. The cost of catalase required to break
down the added hydrogen peroxide accounts for 6% of the total cost for supply oxygen.
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Figure A.10. Cost distribution for in situ oxygen generation via hydrogen peroxide degradation at an oxygen transfer
rate of 50 mol m3 h-1,

A.5 Cost of oxygen supply and operating condition

This section gives an overview of the total cost of oxygen supply for the investigated tech-
nologies as a function of oxygen supply rate and operating conditions. Additionally, the cost
is broken down into capital and operating costs. The costs are only presented for the 100 m?
reactor, although the optimization of pressure is shown for both the 10 m® and 100 m? scale.

The costs presented are a result of the optimization routine given the input parameters from
the Monte Carlo simulation.

A.5.1 Stirred tank reactor
The effects of pressure and mole fraction of oxygen in the sparging air on the cost of oxygen
transfer was investigated at three different oxygen transfer rates (Figure A.11-A.15).

Effect of pressure
In general, the effect of applying head-space pressure on the cost of oxygen transfer is small.
At large oxygen transfer rates a slight overpressure result in a marginally smaller cost of
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oxygen transfer, while it at low oxygen transfer rates results in a higher cost. This is also
seen from Figure A.13, which shows the optimal pressure as a function of oxygen transfer
rate at 10 m® and 100 m?® scale.
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Figure A.11. Effect of pressure on the cost of oxygen transfer for stirred tank aeration at an oxygen transfer rate of
50 mol m® h'! (blue), 200 mol m™ h'! (red) and 500 mol m- h* (yellow) in 100 m? reactor. The dashed area represents

95% confidence intervals.

Figure A.12 shows the effect of pressure on the required power input and aeration rate. As
expected, both decrease at increasing headspace pressure due to the larger driving force for
oxygen transfer.
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Figure A.12. Optimized operational parameters for stirred tank aeration as a function of reactor headspace pressure
at an oxygen transfer rate of 50 mol m= h (blue), 200 mol m= h' (red) and 500 mol m= h (yellow) in 100 m?
reactor. The dashed area represents 95% confidence intervals.
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Figure A.13. Optimal pressure and corresponding cost of oxygen transfer at both 10 m® and 100 m? scale.
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Effect of enriched air

Enriched air aeration in general do not affect the cost of oxygen transfer (Figure A.14). As
the amount of oxygen in the inlet air increase, the capital cost decrease becuase a lower
power input and aeration rate is required (Figure A.15). Overall, there is no real economic
benefit of using enriched air, although there possible can be a slight advantage if using pure

oxygen, especially if this can be sourced at a price in the lower end of the range assumed in
this study.
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Figure A.14. Effect of oxygen content in gas on the cost of oxygen transfer for stirred tank aeration at an oxygen
transfer rate of 50 mol m= h* (blue), 200 mol m h'! (red) and 500 mol m-3 h- (yellow) in 100 m? reactor. The dashed
area represents 95% confidence intervals.
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Figure A.15. Optimized operational parameters for stirred tank aeration as a function of oxygen content in sparging
gas at an oxygen transfer rate of 50 mol m= ht (blue), 200 mol m™ h (red) and 500 mol m= h-? (yellow).

A.5.2 Submerged membrane reactor

Figure S70-S18 shows the effect of pressure on the price of oxygen transfer when using
submerged membrane aeration and pure oxygen. The effect of enriched air was not studied
in detail, because it was found that it was an absolute necessity to bring the cost of oxygen
transfer down, and that there was no benefit of operating with partially enriched air.

In general, there are large benefits from increasing the reactor pressure, as this decrease the
membrane area required. The optimum pressure increases with increasing oxygen transfer
rate (Figure A.16). This is also seen in Figure A.18 where the pressure resulting in the lowest
cost of oxygen supply is found. At small scale a lower pressure optimal pressure is found,
primarily because the equipment costs are more important at this scale and the relative in-
crease in compressor and reactor cost are greater.
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Figure A.16. Effect of reactor pressure on the cost of oxygen transfer for submerged membrane aeration using pure
oxygen at an oxygen transfer rate of 50 mol m= h'1 (blue), 200 mol m2 h' (red) and 500 mol m™ h! (yellow) in 100
m?3 reactor. The dashed area represents 95% confidence intervals.

Figure A.17 shows how the variables changed in the minimization routine vary with pressure
and oxygen supply rate. It is clearly seen, that there never is a benefit of operating below the
maximum cross-membrane pressure of 4 bar. In other words, the increased compressor cost
is fully covered by the decrease in membrane cost. It is also seen, that as the reactor pressure
increase it is beneficial to transfer a larger amount of the oxygen initially present in the inlet
gas. This is because the membrane requirement decrease with increasing pressure, and it is
therefore not critical to keep a very high driving force across the entire membrane. The rea-
son why all oxygen is not transferred is that it is assume that the ‘pure’ oxygen contain 5%
impurities. If a completely pure stream of oxygen were applied the optimal configuration
would be a dead-end filtration, however, then other problems such as build-up of water in
the membrane fibers have to be considered.
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Figure A.17. Optimized operational parameters for submerged membrane aeration using pure oxygen as a function
of reactor head-space pressure at an oxygen transfer rate of 50 mol m= h' (blue), 200 mol m h-! (red) and 500 mol
m h1 (yellow). Shaded area represents 95% confidence intervals.
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Figure A.18. Optimal reactor pressure and corresponding cost of oxygen transfer as a function of oxygen transfer
rate (OTR) for submerged membrane aeration of a 10 m® and a 100 m? reactor. Shaded area represents 95%
confidence intervals.

A.5.3 External membrane reactor

Figure A.19-A.21 shows the effect of pressure on the cost of oxygen transfer for external
membrane aeration. As for submerged membrane aeration, the cost of oxygen transfer drops
dramatically as the pressure is increased. The optimal pressure is also highly dependent on
the oxygen transfer rate (Figure A.21), and as for the submerged membrane aeration, the
optimal pressure at small scale is lower than the optimal pressure in large scale. Overall, it
can be seen that despite the recirculation of reaction medium the cost of oxygen transfer is
similar when the reactor pressure is increased beyond a few bars.
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Figure A.19. Effect of reactor pressure on the cost of oxygen transfer for external membrane aeration using pure
oxygen at an oxygen transfer rate of 50 mol m= h'1 (blue), 200 mol m2 h' (red) and 500 mol m™ h (yellow) in 100
m?3 reactor. The dashed area represents 95% confidence intervals.

Figure A.20 shows how the three degrees of freedom change depending on the reactor head-
space pressure. As for the submerged membrane aeration, the cross-membrane pressure is
always at the maximum allowable (4 bar). Furthermore, the same trend in fraction of oxygen
transferred from the incoming gas is seen. The degree of saturation of the liquid leaving the
membrane module decrease with increasing pressure, because the liquid can contain more
oxygen and therefore it becomes cheaper to decrease the liquid saturation leaving the reactor
and thereby increasing the driving force available for mass transfer.
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Figure A.20. Optimized operational parameters for external membrane aeration using pure oxygen as a function of
reactor head-space pressure at an oxygen transfer rate of 50 mol m2 h-* (blue), 200 mol m h- (red) and 500 mol m
3 h! (yellow). Shaded area represents 95% confidence intervals.
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Figure A.21. Optimal pressure and corresponding cost of oxygen transfer as a function of oxygen transfer rate
(OTR) for external membrane aeration of a 10 m? and a 100 m?® reactor. Shaded area represents 95% confidence
intervals.

A.5.4 Hydrogen peroxide degradation by catalase

Figure A.22 shows the operational, capital and total costs of supplying oxygen via hydrogen
peroxide degradation. At low oxygen supply rates the contribution from capital costs are
substantial, but this is diminished at high oxygen transfer rates. Here the cost of oxygen
transfer is solely driven by the operational costs, which primarily constitutes the cost of hy-
drogen peroxide.
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Figure A.22. Total cost (blue), capital cost (red) and operating cost (yellow) when supplying oxygen via degradation

of hydrogen peroxide by catalase as a function of oxygen transfer rate (OTR) in 100 m® reactor. Shaded area rep-
resents 95% confidence intervals.
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A.6 Sensitivity analysis

Figure A.23-A.25 shows the results of the sensitivity analysis for the investigated technolo-
gies. For bubble aeration of a stirred reactor (Figure A.23), the uncertainty on the capital cost
explains the largest part of the variance seen in the total cost of oxygen transfer. When ap-
plying pure oxygen, also the cost of oxygen becomes important to the overall uncertainty. In
general, the uncertainty on oxygen transfer rate, electricity, agitator efficiency and compres-
sor efficiency only explains a small part of the overall variance in the cost of oxygen transfer.
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Figure A.23. Sensitivity analysis for bubble aeration in stirred tank at an oxygen transfer rate of 50 mol m= h! at
100 m? scale. The sign of the explained variance shows the relation with cost of oxygen transfer. A negative sign
show that a positive change in the parameter induce a reduction in cost of oxygen transfer, and vice versa.

For membrane aeration (Figure A.24) the by far most important parameters are the cost of
membrane and mass transfer coefficient across the membrane. It is only when high pressures
are applied that the uncertainty in the capital cost (excluding membrane material) becomes
important for the overall uncertainty, since a higher pressure increase the compressor and
reactor cost, while reduce the membrane area required.
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Figure A.24. Sensitivity analysis for submerged membrane aeration (left) and external membrane aeration (right)
at an oxygen transfer rate of 50 mol m= ht at 100 m3 scale. The sign of the explained variance shows the relation
with cost of oxygen transfer. A negative sign show that a positive change in the parameter induce a reduction in cost
of oxygen transfer, and vice versa.
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The uncertainty on the cost of hydrogen peroxide is explaining the largest part of the variance
seen in the cost of oxygen supply using hydrogen peroxide decomposition (Figure S79). The
maximum allowable hydrogen peroxide concentration in the reactor is also important, while
other parameters such as the power input, equipment cost, and cost of electricity have little
to no importance to the total cost of oxygen supply.
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Figure A.25. Sensitivity analysis for hydrogen peroxide decomposition using catalase at an oxygen transfer rate of
50 mol m? h! at 100 m® scale. The sign of the explained variance shows the relation with cost of oxygen transfer. A
negative sign show that a positive change in the parameter induce a reduction in cost of oxygen transfer, and vice
versa.

Figure A.26-A.29 shows the correlation between the most important parameters (excluding
uncertainty on the equipment cost estimations) on the cost of oxygen transfer. These plots
give an overview of the potential reduction in cost of oxygen transfer if an uncertain param-
eter is changed, e.g. if hydrogen peroxide can be sources at a price in the lower end of the
uncertainty interval.
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Figure A.26. Correlation between cost of pure oxygen and total cost of oxygen supply for bubble aeration in stirred
tank at an oxygen transfer rate of 50 mol m= h at 100 m? scale.
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Figure A.27. Correlation between cost of membrane and total cost of oxygen supply for submerged membrane aer-
ation employing pure oxygen at atmospheric pressure (green), submerged membrane aeration employing pure ox-
ygen at 25 bar (blue), external membrane aeration employing pure oxygen at atmospheric pressure (purple), and
external membrane aeration employing pure oxygen at 25 bar (red). The data is obtained at an oxygen transfer rate
of 50 mol m= h! at 100 mé scale.
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Figure A.28. Correlation between membrane mass transfer coefficient and total cost of oxygen supply for submerged
membrane aeration employing pure oxygen at atmospheric pressure (green), submerged membrane aeration em-
ploying pure oxygen at 25 bar (blue), external membrane aeration employing pure oxygen at atmospheric pressure
(purple), and external membrane aeration employing pure oxygen at 25 bar (red). The data is obtained at an oxygen
transfer rate of 50 mol m= h-! at 100 m? scale.
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Figure A.29. Correlation between cost of hydrogen peroxide and total cost of oxygen supply using hydrogen peroxide
decomposition using catalase at an oxygen transfer rate of 50 mol m= h at 100 m? scale.
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Automated determination of oxygen-dependent enzyme kinetics in a tube-
in-tube flow reactor

Rolf H. Ringborg*tt, Asbjgrn Toftgaard Pedersen*t and John M. Woodley*

tDepartment of Chemical and Biochemical Engineering, Technical University of Denmark, DK-2800 Kgs.
Lyngby, Denmark. ¥Current address: EchoSkye, DK-2300 Copenhagen S, Denmark.

*These authors contributed equally to this work.

Enzyme-mediated oxidation is of particular interest to synthetic organic chemists. However, the
implementation of such systems demands knowledge of enzyme kinetics. Conventionally collecting kinetic
data for biocatalytic oxidations is fraught with difficulties such as low oxygen solubility in water and limited
oxygen supply. Here, we present a novel method for the collection of such kinetic data using a pressurized
tube-in-tube reactor, operated in the low-dispersed flow regime to generate time-series data, with minimal
material consumption. Experimental development and validation of the instrument revealed not only the
high degree of accuracy of the kinetic data obtained, but also the necessity of making measurements in this
way to enable the accurate evaluation of high Kyo enzyme systems. For the first time, this paves the way to
integrate kinetic data into the protein engineering cycle.

Selective oxidation is one of the most important transformations in synthetic organic chemistry.l* The
necessity of achieving high reaction yield in such transformations makes enzymes particularly interesting as
potential catalysts, on account of their exquisite selectivity in comparison with their chemo-catalytic
counterparts. However, for process application it is often difficult to reach the required reaction intensity
(reaction rate and product concentration). In particular, issues such as low enzymatic activity,
product/substrate inhibition, co-factor regeneration and unfavorable thermodynamic equilibria need to be
solved using biocatalytic reaction engineering. These problems are commonly investigated by studying the
kinetic behavior of an enzyme under different conditions. Subsequently, using these data, the challenges in
reaching the required productivity can be addressed either by protein engineering or alternatively process
engineering to circumvent kinetic limitations. However, it would be much more effective if solutions arose
from a combination of both approaches. Regardless of the approach taken, enzyme improvement naturally
starts in the hands of the protein engineer who typically screens for improved enzymes using single point
measurements (i.e. at a single substrate concentration) to go through many enzyme variants./*! In this way,
protein engineering is able to deliver improved enzymes, also catalyzing the conversion of non-natural
substrates.” However, single point measurements can only reveal apparent kinetics constants, such as the
so-called specificity constant (Vmax/Kwm), which can be misleading as the basis for selecting the optimal
enzyme.!*®8l At points in development where selection is from a smaller pool of protein variants, it would be
highly desirable to comprehensively quantify the kinetics, in order to have an adequate basis for deciding
on the best enzyme for a given reaction, and reactor configuration. Likewise, it is necessary to determine
the activity of an enzyme of interest over the full range of potential operating conditions in order to truly
assess the possibilities for process implementation. On this premise, we suggest that comprehensive kinetic
investigations should be integrated into the improvement cycle of an enzyme for application. In this way it
would be possible to direct screening to focus on evolving improved enzymatic kinetic properties, which are
ideal for process implementation. In order to realize such a scheme, it is necessary to develop an
automated characterization system.”! Herein, we present one such system focused on collecting kinetic
data for oxygen-dependent enzymes.

While studying enzyme kinetics it is important to measure initial rates at substrate concentrations well
above, as well as below, the true Michaelis constant(s) in order to determine these kinetic parameters with

This article is protected by copyright. All rights reserved.
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sufficient accuracy. In the study of oxygen-dependent enzymes, such investigations are notoriously difficult
due to the limited solubility of oxygen in water, and to some extent the concomitant limited supply rate of
oxygen. The challenge of controlling the oxygen concentration leads in many cases to experiments being
conducted at a single oxygen concentration (usually that in water, in equilibrium with air, at 276 uM). Air
saturation is however insufficient to achieve enzyme saturation for several industrially interesting
oxidases!***? and in any case it introduces uncertainty into parameter estimations. Indeed, conventional
experiments can only reveal apparent Michaelis constants which are confined to the tested parameter
space and should therefore be compared with great care. Likewise, oxygen supply is often carried out by
bubbling air through the reaction solution. However, in doing so, it is necessary to consider the stripping of
any volatile substrate(s) and product(s), as well as potential enzyme deactivation at the gas-liquid
interface.!*3 The constraint on the limited dissolved oxygen concentration in water can be alleviated by
pressurizing the reactor or by using enriched air (to increase the partial pressure), whereas the interfacial
effect can only be alleviated by introducing a physical barrier between the gas and the liquid.

Recently, the Teflon AF-2400 flouro-polymer**, which is characterized by high gas permeability, has been
used a membrane in the lastest development of the so-called Tube-in-Tube Reactor (TiTR) design*>! which
has previously proven useful for the supply of gaseous substrates to liquid reaction media while retaining
the chemical resistance of traditional flouro polymers!*®”], The TiTR is made of an inner Teflon AF-2400
tube encased within an outer PTFE tube with low oxygen permeability. A mixture of oxygen and nitrogen is
supplied in the space between the two tubes, whereby the oxygen can be transferred to the liquid reaction
mixture in the inner tube through the membrane. We reasoned this would make the TiTR ideal for studying
the kinetics of oxygen dependent biocatalytic reactions, since the challenges of conventional systems can
be avoided by creating a bubble-free aeration system. The small dimensions of the inner tube (1.D/O.D.
230/410 um) maximize the surface-to-volume ratio, which combined with the high oxygen permeability of
Teflon AF-2400, enables very high oxygen supply rates. The allows operation at dissolved concentrations of
oxygen very close to the equilibrium value between the gas phase and the reaction medium, despite a low
driving force (i.e. the reactor will operate at a dissolved oxygen concentration within 99% of saturation).
Additionally, by pressurizing both the inner and outer tube, the oxygen solubility in the reaction mixture
can be increased proportionally. The setup therefore allows control over oxygen as a substrate in oxygen-
dependent enzyme reactions. Furthermore, the TiTR satisfies the requirement for negligible change in
substrate concentration for measurement of initial rates, since oxygen can be supplied along the reactor as
it is consumed. Based on this concept, a system suitable for kinetic characterization of oxygen dependent
enzymes was developed by combining the TiTR with precise liquid and gas supply systems and connecting
the outlet of the inner tube to a UV-vis detector. By means of a switch valve, samples were carried from the
injection loop into the detector, where the solution was subjected to flow injection analysis.

Although such a reactor is very useful for carrying out oxygen-dependent enzyme reactions (under
pressure), we realized that a further development was still necessary for the meaningful collection of
kinetic data. Laboratory flow reactors typically operate in the laminar flow regime with large axial
dispersion, which necessitates steady-state experiments. Such experiments often consume more material,
over a longer time period and with a lower sampling frequency than those carried out in equivalent batch
apparatus.!*® Recently, a review of Taylor’s work surrounding mixing and dispersion!*®! has led to the
application of low dispersed flow in microreactors.?? This is a unique regime of laminar flow that occurs
only at a microfluidic scale.?® In this flow regime, the radial mixing from the center of the tube to the edges
is governed solely by diffusion. At the micro-scale, the diffusion lengths are by definition very small and this
will in turn give very short radial mixing times. Low dispersed flow will therefore flatten the well-known
“tongue” profile of laminar flow, and solute concentrations will thereby only change along the length of the
reactor. These dynamics mean that the reactor can be described by plug-flow behavior, and this was used
in a method recently reported by Moore and Jensen.?!! In this method, at low residence time, steady-state
is obtained and the flowrate is subsequently ramped down. By following the conversion during the ramp,
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initial rate measurements (i.e. concentration-time profiles) are possible without the need to obtain multiple
steady-states. Nevertheless, the reported Moore and Jensen method requires modification for biocatalysis.
Low dispersed flow is very dependent on the diffusivity of the solutes, and the large size of enzyme
catalysts translates into a two order-of-magnitude lower diffusivity compared to small molecules (10! cf.
10° m?/s)2%23 The axial dispersion of enzymes will therefore be much more pronounced, meaning that
they are more dispersed along the length of the channel compared to the small molecule reactants and the
resulting products. It was therefore necessary to make sure that the enzyme concentration in the entire
reactor volume remained constant. This was ensured by achieving steady-state with respect to the enzyme
concentration and thereafter keeping the enzyme feed concentration constant, independent of the liquid
flowrate. In this way, it was assumed that the degree of dispersion would be dependent upon the diffusion
coefficients of the substrate(s) and product(s) alone. The integrated combination of each of the afore-
mentioned developments has led to the establishment of the current instrument, which now gives a novel
and automated way of kinetically characterizing oxygen-dependent enzymes, see Figure 1. The specific
details of the setup are described in the Supporting Information (Sl).
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Figure 1 - Experimental setup of the Tube-in-Tube Reactor. The three syringe pumps on the left deliver a liquid solution to the
inner membrane tube, illustrated by the orange line. Two mass flow controllers are used to vary the gas composition in the
range 5-100 % O,, supplied to the outer tube. The gas is wetted and heated before entering the reactor to avoid the stripping of
water from the inner tube. The gas was fed via an outer tube, made of PTFE. A pressure regulator and a manometer were
located at both ends of the two tubes to control the pressure, as well as to ensure an equal or higher pressure on the liquid side
of the membrane.

In order to demonstrate the performance of the instrument, the well-known enzyme, glucose oxidase
(GOx, E.C. 1.1.3.4), was selected. The GOx enzyme catalyzes the oxidation of glucose to glucono-6-lactone,
using molecular oxygen (which is itself reduced to hydrogen peroxide). Following the enzymatic reaction,
Glucono-6-lactone is spontaneously hydrolysed to gluconic acid, whose formation can be followed
spectrophotometrically, see SI. The hydrogen peroxide formed is removed instantaneously by the addition
of catalase, which enables its conversion into water and half the stoichiometric amount of oxygen. The
removal of hydrogen peroxide forces the reaction to proceed in a unidirectional manner and also protects
GOx from oxidation. GOx has been shown to follow a ping-pong bi-bi reaction mechanism (Scheme 1)?* for
which a rate expression can be derived, see Eqgn. 1.
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Glucono-6-
Glucose (S)  lactone (P) 0, H0,
E ES == FP F  FO,==EH,0, E

Scheme 1. Cleveland representation of the glucose oxidase ping-pong bi bi mechanism. E denotes the oxidized free form of the
enzyme whereas F denotes the reduced form of the free enzyme.

ro KeqiS O (Eqn. 1)
[E] SO+ KyoS + Kys O an-

The flow manipulation method applied to produce the equivalent batch data from the setup, requires an
accurate determination of the reactor volume. Hence initially residence time distribution experiments were
carried out to determine the volume of the reactor (155 * 1.8 L, see Sl). Next, the results of the flow
method were compared with steady-state operation, where it was shown that the setup indeed produces
time-series data even with the addition of a slow diffusing (bio)catalyst, see SI. Finally, in order to validate
the enzyme kinetics measured in the TiTR, equivalent experiments to those carried out in batch by
Toftgaard Pedersen and co-workers!?®! were carried out. In the batch experiments the setup used an
aerated stirred tank reactor with adjustable oxygen/nitrogen feed. The comparison revealed an excellent
correlation between the two systems and the combined results of the validation experiments confirmed
that confidence can be placed on the kinetics determined in the TiTR setup (Figure 2).
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Figure 2. Specific initial reaction rate vs oxygen concentration in Batch (x) and TiTR (o) at a glucose concentration of 400 mM
(blue), 200 mM (red), 100 mM (yellow), and 25 mM (purple). Full lines represent the model fit to the TiTR results. The
experiments were carried out at pH 7, 25 °C and atmospheric pressure. The batch data was scaled by a factor 0.79 to correct for
time dependent degradation of the enzyme formulation between the experiments, see SI.

The fit of Eq. 1. to these data revealed a relatively high Michaelis constant for oxygen of 0.52 mM (Table 1),
which is also seen from the unsaturated enzyme kinetics observed at high glucose concentrations and
atmospheric pressure (Figure 2). It is generally accepted, that in order to reliably quantify Michaelis
constants it is necessary to measure enzyme kinetics in a sufficiently large range of substrate
concentrations, using values of a minimum of 5-fold (and preferably 10-fold) higher and lower than the true
Km. In the TiTR setup, this was achieved by increasing the operating pressure of the setup to 6 bar to
increase the maximum dissolved oxygen concentration to 7.13 mM (using pure O; at 25 °C). Enzyme
saturation was thereby obtained even at the highest concentration of glucose (Figure 3), enabling a more
reliable prediction of all the kinetic parameters (Table 1).
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Table 1. Parameter estimations based on different experimental data. Pressure is given as absolute pressure. 2 Based on
milligrams of liquid formulation P The batch data is scaled by a factor 0.79 to correct for time dependent degradation of the
enzyme formulation between the experiments, see SI.

Parameter Batch reactor TiTR TiTR

(1 atm) (1 atm) (1 atm + 6 bar)
Keat [umol mint mg']® 17.58 +0.62° 17.78+1.39 17.82 +0.47
Kmo [mM] 0.45+0.04 0.51+0.09 0.52+0.03
Kwms [mM] 73.1+6.87 75.2+9.38 74.57 £ 5.55

The TiTR setup was fully automated and computer controlled, thereby enabling characterization of an
oxygen-dependent enzyme within 24 hours with minimal manual labor. While the preparation of solutions
is identical for both batch and TiTR, the batch setup requires four full days of labor. Furthermore, the small
dimensions of the system make it possible to collect one initial rate measurement per 1.4 mL of reaction
mixture, which is considerably less than the 150 mL required in the alternative sparged batch setup.

In summary, we have developed and validated an automated flow reactor system that rapidly and
accurately determines the kinetics of oxygen-dependent enzymes. The tool allows perfect control of the
oxygen concentration in solution, which by pressurizing the system can enable values up to 25-fold higher
than that achievable using merely air under atmospheric conditions. Operation in the low dispersed flow
regime allowed the generation of time-series data with an enzymatic catalyst, despite its low diffusivity and
the resulting data were in good agreement with experiments conducted in a batch system. The system is
capable of characterizing the kinetics of any enzyme within the oxidoreductase class (EC 1), where
reactions frequently result in changes to the UV-spectra to enable facile quantification of conversion. The
application is however not limited to oxygen-dependent enzymes alone, but can in principle be used to
study many other enzymes using gaseous substrates, such as hydrogenases (using H,)®?%, formate
dehydrogenases (using CO,)?”! or methane monooxygenases (using CH4).1?®! The tool presented here could
introduce kinetic characterization of oxidoreductases into the catalyst development cycle, where
biocatalytic reaction engineering can be used to guide both process and protein engineering.!>?*” The need
to further improve this development cycle is particularly important in order to facilitate the wider and more
effective implementation of biocatalytic reactions, especially in the pharmaceutical industry. B%
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ABSTRACT: Biocatalytic oxidation reactions employing molecular
oxygen as the electron acceptor are difficult to conduct in a continuous
flow reactor because of the requirement for high oxygen transfer rates.
In this paper, the oxidation of glucose to glucono-1,5-lactone by glucose
oxidase was used as a model reaction to study a novel continuous
agitated cell reactor (ACR). The ACR consists of ten cells interconnected
by small channels. An agitator is placed in each cell, which mixes the
content of the cell when the reactor body is shaken by lateral movement.
Based on tracer experiments, a hydrodynamic model for the ACR was
developed. The model consisted of ten tanks-in-series with back-
mixing occurring within and between each cell. The back-mixing was a
necessary addition to the model in order to explain the observed
phenomenon that the ACR behaved as two continuous stirred tank
reactors (CSTRs) at low flow rates, while it at high flow rates behaved as
the expected ten CSTRs in series. The performance of the ACR was
evaluated by comparing the steady state conversion at varying residence
times with the conversion observed in a stirred batch reactor of
comparable size. It was found that the ACR could more than double the
overall reaction rate, which was solely due to an increased oxygen
transfer rate in the ACR caused by the intense mixing as a result of the
spring agitators. The volumetric oxygen transfer coefficient, k;a, was
estimated to be 344 h ™" in the 100 mI. ACR, opposed to only 104h~"

a batch reactor of comparable working volume. Interestingly, the large
deviation from plug flow behavior seen in the tracer experiments was
found to have little influence on the conversion in the ACR, since both a
plug flow reactor (PFR) model and the backflow cell model described
the data sufficiently well.
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Introduction

In the recent years, biocatalytic oxidation reactions catalyzed by
enzymes or microbes have gained significant scientific interest due
to their potential to replace chemically catalyzed reactions suffering
from poor selectivity and large environmental impact due to
extensive waste generation (Kroutil et al., 2004; Pickl et al., 2015).
Biocatalytic oxidations typically use oxygen as the electron acceptor,
which is cheap and readily available. However, the transfer of
oxygen from air to an aqueous media is notoriously slow, due to the
very low aqueous solubility of oxygen, even compared to typical
reaction rates of biocatalytic reactions. This often results in
biocatalytic oxidations being oxygen limited. Hence, in most cases
the biggest challenge for process engineers is to maximize the
oxygen transfer capabilities of the available equipment in order
to meet the demands to effective enzyme use and volumetric
productivity.

Traditionally, batch processes have dominated the fine
chemical and pharmaceutical industry, primarily due to their
multi-functionality, which provides great flexibility for
manufacturing. However, in recent years the move towards
continuous processing have gained momentum in an effort to
reduce costs, increase quality, improve process control, and
reduce waste (Baxendale et al., 2014; Gutmann et al.,, 2015;
Roberge et al., 2008; Wiles and Watts, 2012). Biocatalytic reaction
steps implemented in a fine chemical manufacturing process
would, therefore, preferably also operate in continuous mode in
order to avoid storage of chemical intermediates and enable
upstream and downstream integration. While continuous
operation of typical single-phase biocatalytic reactions is
relatively straightforward, multi-phase flow reactions can be
more challenging. Continuous reactors for biocatalytic oxidation
reactions are particularly challenging due to the necessity for
efficient oxygen transfer, which usually requires mechanical
stirring or other means of creating large gas-liquid interfacial
areas. The options for continuous reactor types are, therefore,
typically limited to continuous stirred tank reactors (CSTRs) and
similar reactor types, such as bubble columns, on the macro
scale, while falling film reactors and tube-in-tube reactors exists
as novel reactor options for continuous processing on the

© 2017 Wiley Periodicals, Inc.



micro-scale (Tomaszewski et al., 2014; Wohlgemuth et al., 2015).
Despite the potential of micro-reactors, the chemical industry is,
and will be, dominated by macro-scale reactors. Therefore,
continuous macro-scale reactors are required as processing
alternatives. Nevertheless, CSTRs can often be a poor reactor
choice for continuous manufacturing due to their lower
volumetric productivity resulting from lower averaged substrate
concentrations compared to batch or plug-flow reactors
(Tufvesson et al., 2010). One solution is to use multiple CSTRs
in series, although this is an option rarely applied in industrial
processing due to high capital costs and low flexibility. Hence,
alternative reactor technologies have to be considered if the
benefits of plug-flow hydrodynamics and continuous manufactur-
ing are to be combined with effective oxygen supply.

The agitated cell reactor (ACR) is one such reactor that enables
multiphase mixing in a macro-scale flow reactor (Fig. 1). The
reactor consists of a reactor block with ten equally sized cells
interconnected by small channels. Each cell is covered by a boro-
silicate window, to allow visual inspection of the reaction
medium, or alternatively by a front entrance port to take-out, or
introduce, a liquid or gas stream. Mechanical mixing is induced
by freely moving agitators (e.g., spring or cylindrical agitators)
placed in each cell of the reactor. The agitator is not moved using
a shaft, as for most mechanically stirred reactors, but by lateral
shaking of the reactor body (Browne et al., 2011). Theoretically,
the intense mixing allows each of the ten cells to perform as a
CSTR, whereby the flow profile through the reactor should
approach plug-flow behavior.
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Figure 1. Agitated cell reactor with high shear spring agitators and oxygen
sensor spots.

Previously, the versatility of the ACR has been demonstrated for a
range of applications, such as continuous processing of slurries
(Browne et al., 2011), hydrodechlorination of organic waste (Gomez-
Quero et al., 2011), and functionalization of carbon nanotubes (Salice
et al,, 2012). A few examples also demonstrate the potential of the
ACR for carrying out biocatalytic oxidation reactions (Gasparini
et al,, 2012; Jones et al., 2012). While demonstrating the broad
potential of the reactor technology and apparent advantages
compared to stirred tank reactors, the previous reports lack a
detailed engineering analysis to enable benchmarking of the reactor
concept against traditional processing methods. In particular,
determination and evaluation of oxygen transfer rates are of key
importance. Therefore, this paper reports the first characterization of
the oxygen transfer in an ACR. Furthermore, reactor and kinetic
models are applied to identify potential shortcomings of the reactor
and enable comparison with alternative reactor technologies for
performing biocatalytic oxidation reactions.

The oxidation of D-glucose to D-glucono-1,5-lactone, which
spontaneously hydrolyses to D-gluconic acid under neutral and
alkaline pH, catalyzed by glucose oxidase (EC 1.1.3.4, GOx) is used
as a model reaction (Fig. 2). GOx is a relatively fast enzyme and,
therefore, only at low enzyme concentrations is required to reach
reaction rates where oxygen limitations can be observed. This
makes the enzyme ideal when comparing the ACR with other
reactor types such as a stirred tank reactor, since an understanding
of the oxygen transfer capabilities is essential for running
biocatalytic oxidations efficiently.

Materials and Methods

Reagents

Antifoam 204, sodium sulfite, potassium dihydrogen phosphate,
dipotassium hydrogen phosphate, sodium hydroxide, D-glucose,
and sodium D-gluconate were of the highest grade available from
Sigma-Aldrich (St. Louis, MO). Catalase with an activity of 3308
U/mg (one unit (U) corresponds to the amount of enzyme that
decomposes 1 wmol H,0, per min at pH 7.0, 25 °C, 10.3 mM H,0,)
was purchased from Sigma-Aldrich. Liquid formulated glucose
oxidase from Aspergillus niger with an activity of 9670 GODU/g
(glucose oxidase units; one unit corresponds to the amount
of enzyme that produce 1 pmol H,0, per minute at pH 5.6, 30 °C,
0.1M acetate buffer, 90mM glucose, measured by the
ABTS/peroxidase reaction) was kindly supplied by Novozymes
A/S (Bagsveerd, Denmark).

Gle + 0, —9% o H,0, + Gllac —2 » GA
\l
% Cat
H,0

Figure 2. Oxidation of glucose (Glc) to glucono-1,5-lactone (Gl-Lac), which
spontaneously hydrolyzes to gluconic acid (GA). The reaction is catalyzed by glucose
oxidase (GOx) and the generated hydrogen peroxide is decomposed by catalase (Cat).
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Analysis

The reaction was stopped by addition of sodium hydroxide to a final
concentration of 0.5M, the high pH ensured that the equilibrium
between gluconic acid and glucono-1,5-lactone was completely
shifted towards gluconic acid (Zhang et al., 2007). Samples were
analyzed on a Thermo Fisher Scientific (Waltham, MA) Dionex
Ultimate 3000 HPLC equipped with a Refractive Index (RI) detector.
Glucose and gluconic acid were separated on a Phenomenex
(Torrance, CA) Luna NH, column (5 pum, 1004, 250 X 3.0 mm)
using 20 mM H;PO, as mobile phase (1 mL/min). The retention
time of glucose and gluconic acid was 1.4 and 2.1 min, respectively.

Glucose Oxidase Kinetics

The kinetics for GOx catalyzed oxidation of glucose was investigated
by recording the initial rate of reaction (5-25min) at varying
concentrations of glucose and oxygen. The experiments were
conducted in a 250 mL stirred tank reactor (MiniBio with my-
Control) from Applikon Biotechnology (Delft, The Netherlands).
The reactor was equipped with a sintered metal sparger and two
Rushton turbines (agitator diameter (D)/vessel diameter (T) ratio of
0.39) for mixing. Two mass-flow controllers were used to set the
content of oxygen in the gas used for sparging to vary the dissolved
oxygen concentration. The exact dissolved oxygen concentration
was measured using a Solvent-Resistant Oxygen Probe (PyroScience
Gmbh, Aachen, Germany). All initial rate experiments were
conducted at 25°C and pH 7.0, which was maintained using a
100mM potassium phosphate buffer. GOx was applied in a
concentration of 12.5 mg/L (121 U/L) and catalase was added in
a concentration of 5mg/L (16540 U/L) to ensure close to complete
H,0, degradation.

Batch Reactions

Complete oxidation of 100 mM glucose was conducted in the 250 mL
reactors described above with a working volume of 150 mL. The
reaction conditions were as follows: 400 mM potassium phosphate
buffer, pH 7.0, 25 °C, 2 g/L GOx, 0.1 g/L catalase, 0.125 g/L Antifoam
204, 1000 rpm stirring, and sparging with 1 air volume per reactor
volume per minute (vvm). The volumetric oxygen transfer
coefficient, kya, for the reactor was determined using the dynamic
method (Garcia-Ochoa and Gomez, 2009).

Agitated Cell Reactor

Experiments were conducted in a 100mL co-current Coflore™
Agitated Cell Reactor (ACR, AM Technology, Manor Park, Runcorn,
Cheshire, U.K.) equipped with high shear spring agitators. The total
reactor volume, subtracting the volume of the spring agitators, was
92mL. In all experiments, the lateral shaking speed was kept
constant at 9 Hz (maximum shaking frequency) and the reactor
block was heated to 25 °C using a recirculating heated water unit
(Julabo, Seelbach, Germany). Solutions were fed to the first cell
(bottom) of the ACR using an Ismatec Reglo ICC multi-channel
peristaltic pump (Cole-Parmer GmbH, Wertheim, Germany). Air

1224

Biotechnology and Bioengineering, Vol. 114, No. 6, June, 2017

was also supplied to the first cell through a front entrance port at a
constant flow rate of 100 mL/min (25 °C, 1 atm).

Residence time distribution (RTD) experiments were performed
to study the hydrodynamics of the ACR. Initially the ACR was filled
with a solution of 2g/L GOx, 0.1g/L catalase, and 0.125g/L
Antifoam 204 using the peristaltic pump, with an air supply rate of
100 mL/min (25°C, 1 atm). At time zero the feed was changed to a
solution consisting of 100 mM gluconic acid, 2 g/L GOx, 0.1 g/L
catalase, and 0.125g/L Antifoam 204. The cumulative RTD was
recorded by analyzing samples from the outlet of the ACR taken at
regular time intervals. The air flow rate was kept constant in all
experiments.

Steady state experiments were performed with the following
reaction conditions: 400 mM potassium phosphate buffer, pH 7.0,
25°C, 2 g/L GOx, 0.1 g/L catalase, 0.125 g/l Antifoam 204, 100 mL/
min (25°C, 1atm) air. A solution of glucose in buffer and an
enzyme solution in buffer were pumped using the peristaltic pump
and mixed immediately before entering the ACR to start the
reaction. The concentration of oxygen was measured using Oxygen
Sensor Spots (PyroScience Gmbh) that allow contactless measure-
ment of oxygen through a transparent window. The sensor spots
were glued to the inside of the compartment window while optical
fibers were attached on the outside. In this way the fragile fibers
were not in direct contact with the agitators, and the oxygen
concentration could be measured over several weeks of experiments
without signs of degradation of the sensor spots. Oxygen sensor
spots were installed in cell numbers 2, 4, 7, and 10 of the ACR. The
sensor spots were calibrated routinely by passing a 1% (w/w)
sodium sulfite solution through the reactor to calibrate 0% air-
saturation, and by passing buffer through the reactor with aeration
to calibrate 100% air-saturation.

Samples from the outlet of the ACR for HPLC analysis were taken
when steady state was achieved. Steady state defined as being
achieved when the flow to the ACR had been maintained for
minimum five residence times and the oxygen measurements in
each cell were constant.

Reactor Modeling

The GOx catalyzed oxidation of glucose to gluconic acid can be
described by ping-pong bi bi enzyme kinetics (Gibson et al., 1964).
The rate of reaction as derived by the Kings-Altman method is given
by Equation 1,

. keat CeCo Co
CsCo + KnmoCq, + KmgCo

(1)

where k., is the rate constant, Ky and Kyo the Michaelis constant
for glucose and oxygen, respectively, Cp, Cg and Cp the
concentration of enzyme, glucose, and oxygen, respectively.

When the oxidation is conducted in a batch reactor, the changing
glucose concentration can be described by the mass balance for a
batch reactor, as seen in Equation 2 combined with the Equation 3,
describing the supply and consumption of oxygen including the
oxygen regenerated using catalase,



dCg
il 2
P (2)
dC() sal r
7 = kLa(COt — Co) —E (3)

where kya is the volumetric mass transfer coefficient and C3" is the
concentration of oxygen at saturation with air.

The ACR is modelled using two different approaches: (i) using a
tanks-in-series with back-mixing model, the so called backflow cell
model (Roemer and Durbin, 1967), (Equations 4-7); and (ii) using
a plug-flow reactor model (Equation 8-10). Figure 3 shows a
schematic representation of the backflow cell model, where a
constant backflow rate induces backmixing between cells. This
enables the model to describe a system with hydrodynamic
behavior changing with the liquid flow rate through the system. In
the backflow cell model each of the ten cells of the ACR are assumed
to be well mixed, that is no spatial variation in the liquid and gas
phase concentrations.

dCy _ v i i VB i i i
a Ty () (G —2c) — ()
ach v, . Vg, . T
(G =) (G 0t -2 -

+ ka(Hph) — C1) (5)

py Ve i i iY
7?:72(170 L= 1) _kL“(HPO_CO)VZRT (6)

VL = -V + B (7)

where Cic,Cé), and p6 are the concentration of glucose, the
concentration of dissolved oxygen, and the gas phase partial
pressure of oxygen in cell “”, respectively. vy is the liquid flow rate
into the reactor, vy is the constant backflow rate between cells, Vg is
the gas flow rate into the reactor, V7 is the liquid volume in each cell,
V, is the gas volume in each cell, H is Henry’s constant for oxygen, R
is the ideal gas constant, and T is the temperature. Equation (7)
describes the changing liquid volume in the ACR, which is modelled
as a linear function of the liquid flow rate, where « is the slope and
B is the intersection with the y-axis. The liquid volume is dependent
only on the liquid flow rate, since the flow rate of gas (v,) and the
lateral shaking frequency were kept constant throughout the
investigation.

A traditional plug-flow reactor (PFR) model was used for
comparison, where both the gas and the liquid were assumed to flow
as plugs through the reactor (i.e., without any axial mixing of fluid).
The depletion of oxygen from the gas phase is modeled by taking
the logarithmic mean of the oxygen partial pressure across the
reactor (Equation 10). This method requires iterations when
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Figure 3. Schematic of the backflow cell model used to model the agitated cell
reactor.

solving the equations, because the partial pressure of oxygen in the
gas leaving the reactor is dependent on the consumption rate in the
liquid phase, and vice versa.

dc
dtG - (8)
dc r
d_fo = kLa(Cf;“ - C()) —E (9)
in __ pout
Csat —H PO pO (10)

O U n(pi/po)

Results and Discussion
Kinetic Model for Glucose Oxidase Catalyzed Oxidation
of Glucose

Figure 4 shows the experimentally obtained initial rates of glucose
oxidation using glucose oxidase at various glucose and oxygen
concentrations. The ping-pong bi bi two substrate kinetic model was
fitted to the data using non-linear regression. It is clear from the fit, that
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Figure 4. \nitial rate of glucose oxidation by glucose oxidase at varying oxygen
concentrations and constant glucose concentration of 25 mM (57), 100 mM (A), 200 mM
(1), and 400 mM (x) in a 250 mL stirred batch reactor sparged with 1vvm oxygen/
nitrogen mixture. The estimated kinetic parameters (kcat, Kmg, Kmo) including 95%
confidence intervals were 22.4 + 2.1 wmol/min/mg, 73.8 +14.9 and 0.45+0.09 mM,
respectively.

the model describes the data satisfactorily. The parameters in the
kinetic model: rate constant, k,; the Michaelis constant for glucose,
Ky and the Michaelis constant for oxygen, Ky and their 95%
confidence intervals were estimated to 22.4 4 2.1 wmol/min/mg,
73.8 +14.9 and 0.45 4= 0.09 mM, respectively.

Reactor Model

The hydrodynamics in a series of CSTRs will approach that of PER as
the number of tanks-in-series increase. The ACR consists of ten
intensively mixed compartments connected in series, and the flow
profile would, therefore, be expected to resemble that of a PFR.
Classical tracer experiments were performed in order to investigate if
the standard PFR model could in fact be used to describe the
hydrodynamics of the ACR when having a two-phase flow through
the reactor. The concentration of tracer (gluconic acid) in the outlet of
the ACR was measured after an introduction of a step change in inlet
concentration. The obtained cumulative residence time distribution
(RTD) was differentiated to obtain the exit age distribution, from
which the mean residence time was calculated. Furthermore, the
obtained distribution was compared with the theoretical distribution
for n CSTRs in series in order to determine the number of tanks-
in-series required to describe the hydrodynamics of the ACR.
Interestingly and rather unexpectedly, the number of tanks-in-series
required to describe the distributions varied significantly with the
liquid flow rate (Fig. 5). At high liquid flow rates (9-14 mL/min)
approximately ten tanks-in-series was required to describe the RTD,
as one would expect based on the ACR design. However, as the liquid
flow rate was lowered the required number of tanks in series
decreased, and at the lowest liquid flow rate investigated (0.88 mL/
min) only two tanks in series were necessary to describe the obtained
RTD. In other words, the results show that the extent of back-mixing
in the system increases with decreasing liquid flow rate. We reasoned
that such a phenomenon could be explained by gas facilitated liquid
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Figure 5. Calculated mean residence times ([J) for varying liquid flow rates and
number of tanks in series required to describe the residence time distribution (x). All
experiments were performed with a constant air flow rate of 100 mL/min.

transport from lower cells. At high liquid flow rates, the carry-over is
insignificant due to the relatively high liquid flow rate through the
reactor. Although, at low liquid flow rates the carry-over is higher
than the liquid flow rate going into the system resulting in a
significant reverse-flow from higher positioned cells to fulfill the
mass-balance. This phenomenon is also seen in other gas-liquid
reactors, such as bubble columns (Shah et al., 1978).

The lack of axial mixing between tanks is an often encountered
shortcoming of the classical tanks-in-series model. The backflow
cell model has therefore been proposed as an alternative to the
typically applied dispersion model (Roemer and Durbin, 1967).
Based on the observation from the RTD experiments, the backflow
cell model appears to be able to describe the phenomenon of
pronounced backmixing at low liquid flow rates observed in the
ACR. Figure 3 shows a schematic of the model, where the increased
upwards flow due to gas facilitated liquid transport is denoted vp.
Additional liquid carried to upper compartments returns to lower
positioned cells, thereby, inducing back-mixing. Since the gas
facilitated liquid transport is assumed independent of the liquid
flow rate going into the reactor, the extent of back-mixing will be
high at low liquid flow rates while low at high liquid flow rates.

Based on the RTD, the mean residence time can be calculated
and, by knowing the liquid flow rate, the liquid volume in the
ACR can also be calculated. It was also seen that the liquid
volume increased with increasing liquid flow rate (Fig. 6A),
which was expected, since the constant flow rate of air resulted
in a decrease in the air/liquid ratio entering the reactor. In
order to incorporate the varying liquid volume in the backflow
cell model, a linear correlation between liquid volume and
liquid flow rate was assumed. By varying the slope (o) and
intersection with the y-axis (B8) of the linear correlation,
together with the additional liquid flow rate between compart-
ments (v3), the backflow cell model (consisting of 10 tanks-in-
series) was successfully fitted to the experimentally obtained
RTDs (Fig. 6B). The solid line in Figure 6A represents the linear
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Figure 6. A.calculated liquid volume of the ACR as a function of liquid flow rate. Solid line represents the varying volume in the backflow cell model. B. Fit of the backflow
cell model with ten compartments to the experimentally obtained cumulative residence time distributions at different liquid flow rates: 0.88 mL/min (o), 1.6 mL/min (), 3.5 mL/
min (v7), 11.9mL/min (*). The estimated model parameters (see Equations 4-7) including 95% confidence intervals was a vp of 3.22+0.27 mL/min, an « of 1.07 - 0.12min, and a

B of 44.7 £0.79 mL.

correlation between liquid volume and liquid flow rate resulting
in the best fit to the experimental RTDs.

Oxygen Transfer Model

The volumetric mass transfer coefficient for oxygen (kya) in a batch
reactor was determined to be 104h™' at a stirring speed of
1000 rpm and an aeration rate of 1 vvm based on the direct method.
Determination of the value of kya in the ACR is more challenging,
since the oxygen concentration, and therefore the oxygen
consumption, changes through the reactor under different
operating conditions. However, at an inlet concentration of
100 mM glucose, four steady-state measurements were obtained
at different residence times, where the inline oxygen measurements
showed insignificant spatial variation through the reactor (see
Fig. 8). By taking the average of the oxygen measurements as the
oxygen concentration throughout the reactor (e.g., 32.9 7.8 uM
for =>5.8 min), it was possible to obtain an overall oxygen mass
balance across the reactor. Based on the mass balance an average
kya for the ACR of 344 4+ 44h™" was calculated based on the four
steady-state values at residence times of 5.8, 10.4, 18.5, and
27.6 min, where the oxygen measurements varied less than 19.2 uM
(7% air-saturation) through the reactor. It is assumed that the
determined kya is valid for all the investigated liquid flow rates,
despite the changing liquid volume, which could change the
interfacial area available for oxygen transfer. However, since the gas
hold-up is large for all flow rates, it is not expected that the changes
in liquid volume will affect the kpa to a great extent.

Experimental Validation of the Combined Model

The glucose oxidation reaction is strictly irreversible due to the
instantaneous decomposition of glucono-1,5-lactone to gluconic
acid and the decomposition of the hydrogen peroxide byproduct to
water and oxygen. The kinetic model should therefore be valid for
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the full conversion range despite being developed based only on
initial rates, Figure 7.

The enzyme needs to retain most of its activity during the course
of the reaction for the kinetic model to be valid. Typically, GOx is a
relatively stable enzyme (half-life of 10h at 60 °C (Ye et al., 1988)).
However, operational enzyme stability is often different from
storage stability, especially when supplying oxygen using bubble
aeration, where the gas-liquid interface in combination with shear
effects deactivates some enzymes while others are not affected
(Bommarius and Karau, 2005; Toftgaard Pedersen et al., 2015). In
the case of GOx, one study reports a significantly increased rate of
deactivation in the presence of an air-liquid interface (Betancor
et al., 2005). However, more than 97% of the GOx activity could be
recovered after one pass through the ACR at a residence time of
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Figure 1. Oxidation of glucose in a 150mL batch reactor. Concentration of
glucose (x), gluconic acid (), and oxygen (.). Solid lines represents model prediction
of glucose and gluconic acid, dashed line represents model prediction of oxygen
concentration. 100mM glucose, 1000 rpm, 1vvm aeration using air.
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47 min, the longest residence time investigated (data not shown),
although the high shear experienced in the ACR could increase the
deactivation rate beyond what is normally experienced. Further-
more, the good fit of the kinetic model to the batch reaction data
indicates that little deactivation of GOx occurred during the
reaction.

By combining the kinetic model, the reactor model, and the
model for oxygen transfer, a system of equations describing the time
course for the glucose oxidation in the ACR can be obtained (see
Reactor Modeling Section). The validity of the combined ACR
model was tested against a series of steady-state measurements at
different residence times as seen in Figures 8 and 9 at an inlet
concentration of 100 and 25 mM glucose, respectively. Additionally,
the experimental data was compared with the prediction of a PFR
model in order to investigate if the non-ideal and changing
hydrodynamics observed in the tracer experiments would have an
effect on the predicted conversion in the ACR. Surprisingly, both
reactor models were capable of describing the glucose and gluconic
acid concentration profiles, despite the clear non plug-flow
hydrodynamics observed in the RTD experiments. It would be
expected that the two models act very similarly at high flow rates
(low residence times) since the backflow cell model here would
approach ten CSTRs in series and therefore almost an ideal PFR.
However, at low flow rates (high residence times) the backflow cell
model behaves as two CSTRs in series and hence large deviations
from the PFR model would have been expected. Interestingly, the
reason for the small differences between the backflow cell model
and the PFR model is found in the kinetics of the enzymatic
reaction. GOx has a relatively high Michaelis constant for oxygen
(0.45 mM) compared to the solubility of oxygen in water (0.27 mM,
1 atm., 25 °C). At the operating conditions for the ACR, the oxygen
concentration is approximately 0.03 mM when the majority of the
reaction occurs. This means that the enzyme is far from saturated

with oxygen, which results in the oxidative part of the catalytic cycle
being rate limiting. In other words, the apparent Michaelis constant
for glucose is reduced significantly, at an oxygen concentration of
0.03 mM this corresponds to a reduction from 73.8 to 4.96 mM. The
oxidation reaction is, therefore, practically zero order with respect
to glucose until almost all glucose has been converted, while the
reaction is first order in the concentration of oxygen. Since the
dissolved oxygen concentration profile in the two models will be
almost identical, since oxygen is transferred in the entire reactor
and the oxygen consumption rate is constant due to the zero order
dependency of the reaction rate on the glucose concentration, the
reaction will proceed at an almost equal rate whether the liquid
phase hydrodynamics of the reactor is plug-flow or well mixed. It is
not until the glucose concentration drops to a level where the
enzyme is no longer saturated with glucose, that the differences in
hydrodynamics are visible in the concentration-time profile for
glucose and gluconic acid.

Figures 8 and 9 also show the steady-state oxygen concentrations
measured in cell number 2, 4, 7, and 10 in the ACR. In the predicted
oxygen concentration, the difference between the backflow cell model
and the PFR model are evident. The backflow cell model is capable of
predicting the oxygen concentration and the general trends slightly
better than the PFR model, even though the differences between the
two models are small.

The differences between the PFR model and the proposed
backflow cell model are small when using GOx at the applied
conditions. The largest difference observed was 2.3 mM (corre-
sponding to 2.4% difference in the predicted product concentration)
at a residence time of 37 min and an inlet glucose concentration
of 100mM. An in silico analysis was conducted using the two
models to further investigate if the difference between the
backflow cell model and the PFR model would be significant at
reaction conditions not investigated experimentally. The largest
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Figure 8. Oxidation of 100mM glucose in the agitated cell reactor. A. Steady-state concentrations of glucose (57) and gluconic acid ([7J) in the outlet of the agitated cell reactor
at different residence times. Each data point is an average of three samples taken with 5 min intervals. Error bars indicate +2 S.D. B. Steady-state oxygen concentrations in cell
number 2 (blue), 4 (red), 7 (yellow), and 10 (green) at different residence times. Each data point is an average over 15 min. Error bars indicate 42 S.D. Solid lines represent backflow

cell model prediction while dashed lines represent the plug-flow model prediction.
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Figure 9. Oxidation of 25mM glucose in the agitated cell reactor. A. Steady-state concentrations of glucose (v7) and gluconic acid ([J) in the outlet of the agitated cell reactor
at different residence times. Each data point is an average of three samples taken with 5 min intervals. Error bars indicate -2 S.D. B. Steady-state oxygen concentrations in cell
number 2 (blue), 4 (red), 7 (yellow), and 10 (green) at different residence times. Each data pointis an average over 15 min. Error bars indicate +2 S.D. Solid lines represent backflow

cell model prediction while dashed lines represent the plug-flow model prediction.

hydrodynamic difference was observed at the lowest liquid flow rate
through the reactor, that is 1 mL/min to ensure the validity of
the proposed model, where the backflow cell model will approach
the hydrodynamic of two CSTRs in series. Figure 10 shows the
maximum difference between the two models at a given set of
kinetic constants. The amount of enzyme, or k., yielding the
largest difference varies depending of the kinetic constants and the
inlet concentration of substrate. The maximal difference between
the two models is observed at low values of Ky;o and high values of
Ky, where the enzyme kinetics is first order in glucose and zero
order in oxygen. Here a deviation as high as 13.5% is possible,
clearly showing the error introduced if the validity of the PFR model
is assumed. Nevertheless, for reactions operated at low Kyg/co
ratios, as many industrial processes are, the error introduced by
using the PFR model is limited, as long as the change in reactor
volume occupied by liquid with liquid flow rate is taken into
account.

Comparison of Batch Reactor and Agitated Cell Reactor

A residence time in the ACR of 47 min was required to reach full
conversion of 100 mM glucose, compared to a total time of reaction
of 110 min in the batch reactor. The faster reaction rate in the ACR
can solely be ascribed to the improved oxygen transfer, caused by
the intensively mixed reactor cells, corresponding to a kra of
344h" in the ACR, compared to 104 per h in the batch reactor.
However, the relatively high oxygen transfer coefficient in the ACR
comes at a cost of significant power consumption through the use of
compressed air for moving the reactor block. The ACR is specified
to use 0.09 m*/min of air compressed at 3 bar, which translates into
an isothermal decompression energy of 0.5kW. If all energy was
transferred to the reaction fluid, this would correspond to an energy
input of 5kW/L. However, in reality only a fraction of the energy
will be dissipated into the reaction liquid, since significant energy
losses are expected in the mixing. Without knowing the actual

Toftgaard Pedersen et al.: Biocatalytic Oxidation in a Continuous Agitated Cell Reactor

power input to the reaction liquid, it is difficult to compare the
efficiency of mixing (i.e., the ki a relative to the power input) of the
ACR to the batch reactor operating with a power input of
approximately 1.1 W/L. Nevertheless, the large power consump-
tions of the ACR will become a significant problem upon scale-up,
unless a more efficient mixing method is considered.
Counterintuitively, the volumetric oxygen transfer coefficient, k; a,
in stirred tank reactors increases with scale for non-viscous reaction
media, when keeping geometry, aeration rate (in vvm), and power
input constant (Garcia-Ochoa and Gomez, 2009; Stocks, 2013). This
is predominantly caused by an increased superficial gas velocity that
results in a larger gas hold-up, whereby the specific interfacial area

Difference (%)

0 1 1 1
1072 10° 102 10*
Kye/c

Figure 10. Maximum deviation in predicted product concentration between
backflow cell model and the PFR model at a liquid flow rate of 1 mL/min (lower validity
boundary of model) and varying values of Kyg: 1072 mM (=), 0.1 mM (-.), 1 mM (..), 5 mM
(—). Top line is deviation for a reaction being first order in glucose and zero order in
oxygen.
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available for mass transfer increases (Nienow et al., 1994). Typically,
the limitation to kya is set by the amount of power physically possible
to supply to a large scale stirred tank. For industrial scale aerobic
bioreactors (/2 100 m>) a k;a value of approximately 500 h™! can be
expected for low viscosity reaction media (Charles, 1985). For the
ACR, a similar increase in kra upon scale-up cannot be expected,
primarily because the gas hold-up in the small scale already is high
(35-50% at the conditions investigated) and therefore a small
additional increase has limited influence on the gas-liquid interfacial
area. Hence, it is not expected that the advantage of increased mass
transfer seen for the ACR, compared to a laboratory batch reactor, can
be translated into a similar advantage at a larger scale.

Although the ACR may not be the prime candidate for scale up to
kilo-ton production of chemicals, the technology offers potential as a
production platform for the production of lower volume compounds
based on oxygen dependent biocatalysis. The above analysis shows that
the oxygen transfer capabilities of the technology are greater than, or in
the same order of magnitude upon scale up, as for stirred tank reactors.
With a ka of 344h™" the ACR would be able to sustain a maximum
volumetric productivity of 18.5 g/L/h for an oxidase reaction (assuming
a product M, of 100 g/mol and maximum driving force using air). The
ACR, or scaled up versions of it, can therefore be an alternative to
traditional reactors when continuous operation is desired. Additionally,
the reactor could be used as a high ka laboratory platform for
evaluation of new enzymatic reactions with large oxygen requirements.

Conclusion

The agitated cell reactor (ACR) was successfully used to perform the
biocatalytic oxidation of glucose to glucono-1,5-lactone catalyzed by
glucose oxidase. A significant improved oxygen transfer rate was
observed in the 100 mL ACR compared to a batch reactor of similar
volume, resulting in shorter processing times and more efficient use of
the biocatalyst. Although the hydrodynamics of the ACR proved to be
highly non-ideal when processing a gas-liquid mixture, it was shown
that this had little effect on the overall concentration-time profile, due
to the high Michaelis constant for oxygen (Kyo) relative to the
saturation concentration of oxygen. Nevertheless, the importance of
the non-ideal hydrodynamics was illustrated when using enzymes with
low Ky, especially if operating at a high ratio of Michaelis constant for
the primary substrate (Ky;g) to initial substrate concentration.

The research leading to these results has received funding from the European
Union’s Seventh Framework Programme for research, technological
development and demonstration under grant agreement n° 613849
supporting the project BIOOX.
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ABSTRACT: Biocatalytic oxidation reactions have the potential to substitute many chemically catalyzed oxidations in the
pharmaceutical and fine chemical industry due to their superior regio- and stereoselectivity and low environmental impact.
Galactose oxidase (GOase) has been shown to be a promising biocatalyst for the oxidation of primary and secondary alcohols to
their corresponding aldehydes and ketones, respectively. However, GOase requires a number of additives to sustain its catalytic
function, such as the enzyme catalase for degradation of the byproduct hydrogen peroxide as well as single-electron oxidants to
reactivate the enzyme upon loss of the amino acid radical in its active site. In this work, the addition of catalase, single-electron
oxidants, and copper ions was investigated systematically in order to find the minimum concentrations required to obtain a fully
active GOase. Furthermore, it was found that the concentration and type of buffer is essential for the activity of GOase, which
was significantly more active in sodium phosphate buffer than in other buffers investigated. Enzyme stability and oxygen
requirements are of crucial importance for the implementation of oxidase based processes. GOase was shown to be completely
stable for 120 h in buffer with stirring at 25 °C, and the activity even increased 30% if the enzyme solution was also aerated in a
similar experiment. The high K, for oxygen of GOase (>5 mM) relative to the solubility of oxygen in water reveals a trade-off
between supplying oxygen at a sufficiently high rate and ensuring a high degree of enzyme utilization (i.e., ensuring the highest
possible specific rate of reaction). Nevertheless, the good stability and high activity of GOase bode well for its future application

as an industrial biocatalyst.

H INTRODUCTION a OHOH OH/o

Sy . . Q GQase 0
Oxidation reactions are one of the most important types of HO N

o ) i ) . I OH HO OH

reactions in industrial chemistry. Bulk industrial scale oxidations OH 0, H0; OH
are frequently conducted using noble metal catalysts and readily
available oxidants such as molecular oxygen or hydrogen b GOase
peroxide." In contrast, the pharmaceutical and fine chemical ©\/OH N\ _0

industry mainly employs stoichiometric amounts of inorganic
oxidants to supply the required redox equivalents. However,
these reactions typically have poor selectivity and a large
environmental impact due to extensive waste generation, the
use of solvents with a poor environmental profile, and the
requirements for additional synthetic steps for protection and
deprotection of labile functional groups.”’ Biocatalysis may
help to overcome many of the limitations experienced in the
fine chemical industry, as a result of the regio- and
stereoselective nature of enzymatic reactions and their
environmentally benign operating conditions.”> In nature,
redox reactions are catalyzed by oxidoreductases (EC 1), such
as dehydrogenases, oxygenases, oxidases, and peroxidases, and
include several reaction types of high industrial importance.
The copper-dependent enzyme galactose oxidase (GOase,
EC 1.1.3.9) is an example of an industrially relevant oxidase
that naturally catalyzes the oxidation of the C6 hydroxyl group
of p-galactose to the corresponding aldehyde, while simulta-
neously reducing molecular oxygen to hydrogen peroxide
(Figure 1a).°”® GOase and mutants thereof catalyze oxidations
of a wide range of substrates with potential industrial
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Figure 1. Examples of oxidations catalyzed by galactose oxidase
(GOase). (a) Oxidation of galactose. (b) Oxidation of benzyl alcohol.

application.”'® First, GOase can be used to modify naturally
occurring polysaccharides with terminal galactose moieties (or
other saccharides through GOase mutants) by oxidizing the C6
hydroxyl groups and enabling further chemical or enzymatic
modifications of the aldehyde such as amination.''~"* Second,
GOase can be applied in the synthesis of a range of industrially
relevant compounds containing ketones and aldehydes, such as
diformylfuran obtained by selective oxidation of S5-hydrox-
ymethylfurfural.">'® Finally, GOase mutants able to enantiose-
lectively oxidize secondary alcohols enable the use of the

Special Issue: Oxidation and Oxidative Reactions
Received: September 6, 2015
Published: October 8, 2015

DOI: 10.1021/acs.oprd.5b00278
Org. Process Res. Dev. 2015, 19, 1580—1589


pubs.acs.org/OPRD
http://dx.doi.org/10.1021/acs.oprd.5b00278

Organic Process Research & Development

enzyme for kinetic resolution of racemic mixtures of secondary
alcohols."”

The substrate specificity of wild-type GOase is rather
restricted; it accepts galactose-containing polysaccharides and
also some primary alcohols such as dihydroxyacetone and
benzyl alcohol.'”'® A great effort has therefore been put into
modifying galactose oxidase via mutagenesis to broaden its
substrate specificity.'”'”?" A variety of altered substrate
specificities for GOase variants have been reported in the
scientific literature, such as increased galactose activity,zo novel
glucose 6-OH activity,”" increased fructose 6-OH activity,"”
increased activity on mannose and N-acel?fl%lucose,22 and
activity toward a range of secondary alcohols.'””" A particularly
interesting GOase mutant is the M;_g variant described by
Escalettes and Turner,'” which is able to selectively oxidize the
(R)-enantiomer of secondary benzylic alcohols to the
corresponding ketones. M;_5 GOase is capable of accepting a
range of primary and secondary alcohols, and compared to the
wild-type enzyme, the activity toward nonpolar substrates is
significantly increased.

The GOase used in this study was produced intracellularly in
E. coli and is therefore not loaded with copper during the
fermentation and expression, due to the toxicity of copper
toward E. coli at the concentrations required to ensure full
saturation of GOase. After cell disruption and centrifugation,
copper can be loaded into the apoenzyme through dialysis
against copper-containing buffer or more simply by adding
copper(I/1I) salts to the reaction mixture.”>** The two-electron
oxidation catalyzed by GOase is accomplished by an active site
composed of a tyrosine radical coordinated to a copper(Il) ion,
which during oxidation of the substrate is reduced to a
nonradical tyrosine copper(I) complex (Figure 2).”* Sub-
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Figure 2. Catalytic cycle of GOase including the reduction to the
semioxidized inactive form. The active site is simplified to only shown
the copper-Tyr272 coordination. Adapted with permission from ref 8.
Copyright 2003 American Chemical Society.

sequently, copper is reoxidized and the radical reformed by
reduction of molecular oxygen to hydrogen peroxide. The
tyrosine radical readily undergoes single-electron reduction to
form an inactive nonradical copper(I) complex. The inactive
form of GOase can be reactivated by further reduction to form
the active copper(I) com7plex or reformation of the radical by
single-electron oxidation.” In practice, only reoxidation, and not
further reduction, of the inactive state is performed to ensure a
tully active enzyme, typically using mild chemical oxidants such
as potassium ferricyanide (K;[Fe(CN)4]). However, it has also
been shown that protein based single-electron oxidants such as
peroxidases can regenerate the active radical center.””*°
Hydrogen peroxide formed during catalysis has been shown
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to inhibit and inactivate GOase,”””" thus removal of hydrogen

peroxide is a necessity for enzymatic function. This is most
effectively done using catalase, which breaks down one mole of
hydrogen peroxide to one mole of water and half a mole of
oxygen. This reduce the stoichiometric oxygen requirements of
the overall reaction by half and hence the oxygen requirements
of the process.

As more chemical and biological additives are required to
ensure an effective biocatalytic process, process development
and implementation becomes more complicated. Despite the
complexity of the reaction system, a systematic investigation
into the requirements of additives for GOase is lacking in the
scientific literature. Therefore, the present study has inves-
tigated the role of additives required for a successful
biooxidation reaction based on GOase, as well as the
implications these have on process development and
implementation. To do this, the oxidation of benzyl alcohol
to benzaldehyde was used as a model system (Figure 1b),
because it displays many of the challenges associated with other
more industrially relevant reactions, such as low solubility of
substrates/products, volatile reaction components, unnatural
substrates for the enzyme, and requirements for sufficient
oxygen transfer. The investigation focused on two different
enzyme purity levels: one being highly purified enzyme as it
normally is used in early stage protein characterization, and the
second being a crude cell-free extract, which is a type of
preparation more relevant for industrial scale application.

Oxygen supply is essential for oxygen-dependent enzyme
catalysis and can become a limiting factor upon scale-up of
biocatalytic oxidation reactions.”” Additionally, the supply of
oxygen through bubbling with air may significantly increase the
deactivation rate of some enzymes.’*>” Analysis of the enzyme
stability in the presence of a gas—liquid interface and the
influence of the oxygen concentration in solution on the
reaction rate is therefore essential when evaluating the potential
of a biooxidation process. In the present work, this analysis has
been performed for GOase on the basis of experimental data
for the model system studied.

B RESULTS AND DISCUSSION

Purified Enzyme. pH Optimum. The optimum pH for
GOase M;_; was determined in a standard liquid phase
horseradish peroxidase (HRP)/ABTS coupled assay, varying
only the reaction pH from 6.0 to 8.0 in sodium phosphate
buffer (NaPi). The highest activity was observed at pH 7.0—8.0
for oxidation of benzyl alcohol (Figure 3a). Given this activity
range, all subsequent experiments with both purified GOase
and GOase in crude lysate were performed at pH 7.4.

Activation by Horseradish Peroxidase. HRP has long been
known to activate GOase.”>** Although the mechanism of the
phenomenon is not fully understood, it can nonetheless be
exploited as a means of increasing GOase activity to shorten
conversion time in a biocatalytic reaction. Because a high
requirement of HRP could potentially be cost prohibitive for a
scaled process, it is of financial interest to identify the minimal
amount of HRP required to fully activate GOase. Type IV HRP
is a common form of HRP used in coupled assays with a
chromogenic substrate to monitor the formation of H,O,. Type
I HRP, an isoenzyme form of HRP, was used as a comparison
for activation of the purified enzyme. Because of the low and
varied amount of HRP used in the activation experiments, a
typical HRP/ABTS assay could not be used to measure GOase
activity. Instead, titration of GOase activation by HRP was
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Figure 3. (a) Effect of pH on the activity of purified GOase in 50 mM NaPi. (b) Effect of two different isoenzymes of horseradish peroxidase (HRP)
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Figure 4. (a) Effect of hydrogen peroxide on the activity of purified GOase. GOase was incubated with indicated concentrations of H,0, for 10 min,
after which the reaction was started by addition of substrate (x), catalase (to break down all H,0,) and then substrate (@), catalase and additional
H,0, to bring the total addition up to 10 mM, and then substrate (A ). (b) Effect of catalase and horseradish peroxidase (HRP) on conversion of 25
mM benzyl alcohol. (@) HRP and catalase added, (#) catalase but not HRP added, (M) no catalase or HRP added, (A) HRP but no catalase added,

(x) HRP added, catalase added after 1.5 h.

performed in a cuvette-based assay measuring the formation of
NADPH through oxidation of the benzaldehyde product to
benzoic acid by an aldehyde dehydrogenase. Activation of
0.0078 mg/mL GOase M;_g reached a maximum in the initial
rate of 0.15 mmol/L/min in the presence of 365 U/L type IV
HRP, whereas 291 U/L of type I HRP was needed to reach the
same level of activity (Figure 3b). This is compared to an initial
rate of 0.0094 mmol/L/min in the absence of HRP. In addition
to demonstrating the ability of different types of HRP to
activate GOase, the 16-fold increase in specific activity over the
samples with no HRP present shows that activation is essential
for a high rate of catalysis.

Effect of H,0, and Protection by Catalase. Previous studies
have demonstrated that the wild type GOase is irreversibly
inactivated by H,0,, accumulating as a byproduct of alcohol
oxidation, although inactivation only occurs during catalysis,
and the enzyme is actually stable when exposed to H,O, under
resting conditions.”® To confirm that these observations
similarly apply to the GOase M; s construct containing a
series of mutations, in which particular concern is the addition
of an oxidizable active site methionine residue, the enzyme was
incubated in the presence of various concentrations of H,0,
and then assayed either with H,O, present or after removal by
catalase. Specific activity measurements clearly indicate a loss in
GOase activity in a concentration-dependent manner only
when H,0, remains in the reaction during catalysis (Figure 4a).
The samples that were treated with catalase showed increasing
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activity with increasing concentration of H,0,, which initially
suggested another form of activation event within this system.
However, this activity increase was the result of higher
concentrations of dissolved oxygen in the buffer after H,O,
was eliminated by catalase (Figure 4a). The effect of catalase in
the biocatalytic reaction was demonstrated to be 2-fold, first
providing protection against activity loss by removing H,O,,
and second through regeneration of dissolved oxygen to
continue alcohol oxidation.

Analytical Scale Biocatalytic Reaction. As a first step
toward translating the above parameters to a production
setting, the effect on conversion rate of several of these
variables was examined in analytical scale biocatalytic reaction
with purified enzyme. Oxidation of benzyl alcohol to
benzaldehyde was monitored over time in small-scale reactions
with, and without, HRP present to activate GOase, as well as
with, and without, catalase present to remove H,O, and
regenerate oxygen (Figure 4b). Excluding HRP resulted in a
significant loss in initial conversion rate (11% of 25 mM benzyl
alcohol at 30 min point) compared to the optimized reaction
with both HRP and catalase present (48% conversion at 30
min). In the absence of catalase, GOase lost all activity within
30 min, and only minimal (*2%) conversion was observed in
the samples that contained neither HRP nor catalase. Under
optimized conditions (with HRP and with catalase), 95%
conversion to benzaldehyde was achieved after 2 h. The
conversions over time for each set of experiments verified the
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results observed in the initial rate experiments, proving that
GOase activation and inactivation processes are extremely
important considerations for continued productive oxidation of
alcohols by this biocatalyst.

Although the above experiment conclusively shows that
H,0, has an effect on GOase activity, it does not clearly
indicate if the effect is due to GOase inhibition or deactivation.
To distinguish between these two potential modes of action,
samples were prepared initially without catalase so that H,O,
could accumulate, then catalase was added after 1.5 h of
reaction to remove the detrimental compound. If H,O, acts to
inhibit GOase, removal by catalase would have been expected
to recover benzaldehyde production. Instead, we found that no
activity returned after removal, confirming that H,O, directly
deactivates GOase.

Cell-Free Extract. CFE Characterization. The activity of
cell free extract was found to be 3.8 U/mg under standard assay
conditions, corresponding to 4.9% of the activity obtained
when using purified GOase (77.5 U/mg). This correlates well
with a protein yield of 4—5% by weight from STREP-tag
purification and estimations of protein content from
bicinchoninic acid assay (BCA) quantification of total protein
(0.45 mg/mg CFE) and SDS gel band density (data not
shown). The CFE did not contain peroxidase activity when
measured using ABTS and H,0,. However, the CFE showed
some catalase activity in a simple qualitative measurement
through observing bubble formation upon H,O, addition. The
CFE was lyophilized from NaPi buffer, pH 7.4, at a
concentration corresponding to 0.17 mM at 100 mg CFE/L.

Requirements for Copper and Single-Electron Oxidants.
GOase in CFE formulation was loaded with copper by adding
CuSO, directly to the reaction mixture. Figure 5 shows the

0.3
. 0.251
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T T T T
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1
0.25

Figure S. Effect of copper sulfate on reaction rate in 4 mL vials at 100
mg/L (@), 200 mg/L (A), and 500 mg/L (x) of CFE GOase.

dependence of the initial rate of reaction on the amount of
added CuSO,. Initially the reaction rate increased almost
linearly with the concentration of Cu** until an apparent
optimum was reached at 15 yM (for 100 mg CFE/L), after
which the initial rate dropped to reach a constant plateau at
approximately 80% of the maximum rate. One would expect the
profile to follow the normal binding curve, due to the
equilibrium between copper in the active site and copper in
solution. The observed results may be caused by interactions
between other constituents of the system, such as inhibition of
HRP by Cu®, which has been previously reported in the
scientific literature,”*
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The apparent optimum Cu’* concentration increased with
increasing concentration of CFE and was found to be 15, 25,
and 35 uM for 100, 200, and S00 mg CFE/L, respectively. The
low concentration of GOase (x0.35 uM enzyme at 500 mg
CFE/L) will not significantly reduce the concentration of Cu**
in solution by binding in the active site and hence not the
concentration at which the enzyme is fully loaded. Sequestering
of Cu?* by cell debris and other proteins in the CFE is therefore
a more likely explanation for the increase in the optimal CuSO,
concentration with increasing concentration of CFE. An
additional note is that the initial rates do not scale with
enzyme concentration. This is likely due to the high K, for
oxygen (>3 mM)”’ relative to the solubility of oxygen (0.268
mM, air at 1 atm, 25 °C),> implying that even a small change
in oxygen concentration will have a large effect on the reaction
rate. Conversely, an increase in enzyme concentration will
therefore not result in a proportional increase in reaction rate,
due to oxygen transfer limitations resulting in a lower
concentration of oxygen in the vial.

As shown previously, single-electron oxidants such as HRP
are crucial for ensuring a fully activated GOase. Inorganic
oxidants such as potassium ferricyanide are an alternative to
protein-based oxidants. HRP reactivates the enzyme presum-
ably by utilizing the hydrogen peroxide formed in the oxidation
reaction and is therefore only required in catalytic amounts. On
the other hand, potassium ferricyanide is required in
stoichiometric amounts, and a minimum concentration is
necessary to reach the redox potential required to ensure that
all the GOase is fully activated. Figure 6 shows the effect of
different amounts of horseradish peroxidase (HRP) or
potassium ferricyanide at different CFE concentrations. By
adding only small amounts of HRP, the initial rate increased
several fold, until an apparent optimum was reached at a HRP
concentration of 40 U/L, independent of the GOase
concentration. Surprisingly, the smooth increase in activity
seen when using purified GOase (Figure 3b) was not observed
when CFE was applied. Additionally, the CFE requires much
less HRP than the purified enzyme to reach full activation (40
U/L vs 291 U/L). This suggests that the optimum is caused by
interactions between HRP and components present in the CFE
and that these interactions enhance the ability of HRP to
activate GOase; however, this process remains unclear. In the
case of potassium ferricyanide, the activity of GOase increased
with increasing ferricyanide concentration until the enzyme was
fully activated in the presence of 10 mM ferricyanide. The fully
activated enzyme using potassium ferricyanide displayed an
initial rate of 0.17 mmol/L/min (100 mg CFE/L), which is
identical to the rate observed when using the optimum HRP
concentration. This indicates that the optimal value seen when
using HRP for activation does in fact correspond to a fully
active enzyme.

If CFE is subjected to the same HRP titration assay used to
measure the activity of purified protein, no dependence on
HRP concentration can be observed; that is, the enzyme
appears fully activated without addition of HRP. However, after
incubating CFE with CuSO, for 15 min before initiating the
reaction, the initial activation effect disappears, and the reaction
rate drops to zero in the absence of HRP. This is also seen in
the longer assays used for CFE characterization, where linear
initial rates (5—15 min) are not seen for HRP or ferricyanide
concentrations below 10 U/L and 0.02 mM, respectively. These
results confirm that the tyrosyl-radical is formed immediately
upon copper loading to successfully generate the active
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Figure 6. Effect of single-electron oxidation on the activity of GOase. (a) Effect of horseradish peroxidase (HRP) at a GOase concentration of 100
mg/L (@), 200 mg/L (A), and 500 mg/L (x). (b) Effect of potassium ferricyanide (K;[Fe(CN)4]) at a GOase concentration of 100 mg/L (@), 200

mg/L (A), and 500 mg/L (x).

enzyme,”* and since this happens just prior to reaction, there is
no time for the radical to decay as in the case for the copper
loaded purified enzyme. However, the radical is not indefinitely
stable even under conditions where substrate is available to
oxidize, so the presence of an oxidant is still required to
reactivate GOase to maintain activity for the full duration of the
biocatalytic reaction.

Buffer System. Influence of ions and ionic strength on
enzyme activity and stability is a well-established phenomen-
on.”® Different salts affect the enzyme stability and activity
through the interaction with charged groups on the protein and
the essential water molecules surrounding the protein
molecule.”” The interaction between ions and GOase has
primarily been limited to studies investigating the inhibitory
effect of ions that bind to the active site, such as cyanide and
azide.'®*® In general, few observations regarding the effect of
ionic strength, buffer concentration, or buffer type have been
published, most likely because most ions do not affect the
enzyme function of wild-type GOase. Interestingly, Saysell and
co-workers™ studied the interaction between a Trp290His
GOase mutant with six different buffers. Here it was shown that
buffers containing free OH groups (such as phosphate) interact
with the inactive semireduced form of the Trp290His mutant,
whereas no interaction was seen for the wild-type. The
interaction can be ascribed to a shielding effect of the active
site. by Trp290, which is significantly reduced when the
tryptophan is exchanged for histidine, thereby leaving the active
site accessible to solvents that can interact with the copper
center.”” Despite identifying the interaction, the positive or
negative effects on enzyme activity of these interacting buffers
was not investigated. In an analogous way to the histidine
mutant, the Trp290Phe mutation in GOase M; s may be
expected to show a similar effect from buffer interactions.
However, analysis of crystal structures suggest that the shielding
of the active site is just as effective for the Trp290Phe mutant as
for the wild type.40 Despite this, a significant impact of the
buffer identity and concentration on the activity of M;_s GOase
was identified in the present study (Figure 7). Ionic strength
appears to be crucial for the activity of GOase, and for all
investigated buffer types, the activity initially increased with
increasing buffer strength. For diglycine (GlyGly)/NaOH
buffer, 3-(N-morpholino)propanesulfonic acid (MOPS)/
NaOH, and NaPj, a stable plateau was reached, whereas the
activity when using N-ethylmorpholine (NEM)/HCI decreased
at higher buffer concentrations. Interestingly, the activity in
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Figure 7. Effect of buffer type on initial activity of GOase at pH 7.4.
Sodium phosphate (®), diglycine (GlyGly) + NaOH (x), 3-(N-
morpholino)propanesulfonic acid (MOPS) + NaOH (), N-ethyl-
morpholine (NEM) + HCL (A).

NaPi increased much more than in other buffer systems, and
the reason for this could be the free OH group of phosphate
interacting with copper in the active site as suggested by Saysell
and co-workers for the Trp290His mutant. Attempts to reach
the same activation effect seen by NaPi using other inorganic
salts (such as NaCl) only had a limited effect (data not shown).
A buffer system using the conjugated NEM acid/base pair and
using MOPS to adjust the ratio follows the same behavior as
the NEM/HCI system (data not shown), which suggest that it
is primarily NEM and not chloride ions that inhibits GOase.
The reason for the decrease in activity could be complexation
between amines and Cu?*; however, according to the scientific
literature, tertiary amines with substituents consisting of two or
more carbon atoms are too sterically hindered to chelate.*"
Enzyme Kinetics and Stability. The catalytic mechanism of
GOase can be described by the ping-pong bi bi mechanism,
where the alcohol substrate is oxidized in one catalytic half-
reaction followed by reoxidation of the enzyme by reduction of
oxy§en~to hydrogen peroxide in a second half-reaction (Figure
2).%7* There are only a few studies in the literature that
report all kinetic constants for galactose oxidase—these being
Kooty Kin subs and K, 0. In studies where only the alcohol substrate
is varied, the reported k, and K, values will only be apparent
values, making it difficult to compare results obtained in
different studies since the oxygen concentration is not
necessarily identical. Kwiatkowski an co-workers”” investigated
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Figure 8. (a) Stability of GOase in SO mM NaPi pH 7.4 exposed to stirring (250 rpm, two Rushton turbines) with aeration (air; 0.5 vvm) at 25 °C
(®) and stirring without aeration at 25 °C (A). (--) The average value in the interval 3—122 h. (b) Bioconversion of S0 mM benzyl alcohol (®) to
benzaldehyde (A) in a sparged bioreactor (250 rpm stirring, aeration using air at 1 vvm) using 500 mg CFE/L, 800 U HRP/L, 50 uM CuSO,, and

100 mM NaPi pH 7.4.

the oxidation of galactose at 20 °C and reported a k., of 1180
s7!, a K, for galactose of 175 mM and a K, of 3 mM, the last
value reported as uncertain because full saturation of the
enzyme could not be achieved under the experimental
conditions. Furthermore, the values are derived on the basis
of the ordered bi bi mechanism, an assumption that later has
been refuted.””** A more precise measurement of K, was
achieved by Humphreys and co-workers*® by performing the
reaction at 10 °C, hereby decreasing the reaction rate and the
concentration of oxygen at which enzyme saturation was
observed. At this temperature, the K, was determined to be
0.44 mM, whereas the k., and K, for 1-o-methyl-a-D-
galactopyranoside was 1165 s~ and 144 mM, respectively.
For the oxidation of benzyl alcohol using GOase M;_; cell
lysate, our initial investigation suggests a K o > S mM, a K, for
benzyl alcohol of #150 mM and a k., of ®50 U/mg CFE.

The stability of GOase has not attracted much attention in
the scientific literature, even though it is of great importance for
the implementation of GOase in industrial processes. Sun and
co-workers™’ describe a GOase mutant that shows increased
thermostability and long-term stability over the wild-type. The
mutant retained 80% of the initial activity after 8 days of storage
at room temperature in the presence of catalase and CuSO,, as
opposed to the wild-type that lost 50% after 8 days under
identical conditions. Figure 8a shows the stability of GOase
M;_s CFE during 5 days of stirring at 25 °C in 50 mM NaPj,
pH 7.4. The stability of GOase was investigated both with and
without bubbling with air, because gas—liquid interfaces
previously have been shown to deactivate certain en-
zymes.”**** GOase did not lose activity during the period
investigated, even when exposed to aeration rate of 0.5 vvm
(volume/volume/min), a typical value employed at industrial
scale. In fact, the bubbling apparently activated GOase during
the first 6—9 b, after which a stable plateau was reached with an
apparent activity that was 30% higher than the activity of the
enzyme not exposed to bubbling. The oxygen concentration
was approximately the same in the two systems, and the
evaporation of water was negligible (<2%/day). The increased
activity can therefore not be explained by a higher initial oxygen
concentration in the assay or increased enzyme concentration
due to evaporation of solvent.

Figure 8b shows a typical biocatalytic oxidation of 50 mM
benzyl alcohol in a sparged bioreactor using a GOase
concentration of 500 mg CFE/L. Full conversion was reached
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after 6 h of reaction. Due to sparging with air, the produced
benzaldehyde was stripped into the gas phase and lost with the
off-gas, despite the condenser attached to the bioreactor. This
explains why only a concentration of 42 mM benzaldehyde was
measured despite the fact that almost all of the S0 mM benzyl
alcohol was converted.

Process Implications. Requirements for Additives. As
shown in the previous sections, oxidation of alcohols using
GOase requires not only the enzyme itself but also several
additives to enable efficient use of the enzyme. The
requirement for copper in the active site of GOase is inevitable.
Copper can either be loaded prior to the reaction by applying
dialysis, or copper salts can be added directly to the reaction
mixture. Direct addition of copper to the reaction mixture has
been shown to effectively load copper into the active site
(Figure S) and is therefore preferred in order to avoid the
additional cost and processing effort involved in applying
dialysis at large scale.

A single-electron oxidant required to restore the radical in
the active site is also critical to obtain a fully active enzyme,
because without an oxidant, the enzyme loses its activity within
1S min of reaction when GOase is applied in the form of CFE.
Both inorganic oxidants and proteins capable of single-electron
oxidation can be used as demonstrated in Figure 3a and Figure
6 for ferricyanide and HRP. A minimum of 40 U/L of HRP is
required to fully activate GOase independent of the
concentration of GOase when added as a CFE. At a GOase
concentration of 500 mg CFE/L, this corresponds to a
molecular ratio between the two enzymes of 5$9:1 (GOa-
se:HRP), assuming a Type I HRP with a specific activity of 146
U/mg and that the formulation from Sigma-Aldrich contains
only protein. However, for purified protein, approximately 300
U/L of HRP was needed to reach full activity, which
corresponds to an enzyme ratio of 8:1 when transferring the
result directly to a system with an enzyme concentration of 500
mg CFE/L. The difference between purified protein and CFE
might be an artifact seen due to the complexity of the system,
and therefore, the safest choice is to design the reaction system
based on the HRP level dictated by the purified protein
experiments. In this case, the requirements to HRP will be a
significant cost addition to the process, since the production
cost per gram protein of HRP and GOase most likely will be
comparable at industrial scale. However, if a ratio of only 59:1 is
required to ensure a fully active enzyme for an entire
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Biocatalytic reaction, the cost contribution from HRP will be
almost negligible. The ratio of GOase to HRP will of course
depend on the specific activity of HRP and will increase with
increasing concentration of GOase, but a high enzyme
concentration implies high oxygen consumption that eventually
will become a bottleneck.

The alternative to HRP is an inorganic oxidant such as
ferricyanide. Ferricyanides and the reduced form, ferrocyanide,
are widely applied in the production of pigments, in wine
refining, as anticaking agent, and historically as a bleaching
agent in photography.’” These large scale applications imply a
relatively low cost for potassium ferricyanide, combining this
with the limited concentration needed to obtain a fully
activated enzyme (10 mM corresponding to 3.3 g/L of
potassium ferricyanide) means that ferricyanide activation
most likely will be significantly cheaper than HRP activation
(especially if a GOase-HRP ratio of 8:1 is required), assuming
that the activation is persistent throughout the biotransforma-
tion. Ferricyanides are also applied in organic chemistry for
many oxidation reactions, such as oxidation of tertiary amines, "
oxidative couplin% of phenols,” and oxidative hydroxylation of
pyridinium salts.”® The reactions typically require strongly
alkaline pH, however most reactions also proceed at a pH close
to neutral but at a much lower rate."® GOase substrates of
industrial relevance could potentially be larger molecules with
several labile functional groups, where the increased specificity
compared to chemical alternatives will be the main driver for
the implementation of an enzymatic process. A potential
problem might therefore be byproduct formation via reactions
between ferricyanide and functional groups present in the
molecule, such as substituted aromatics rings. The extent of
byproduct formation via ferricyanide reactions will be highly
dependent on the functional groups present in the substrate
molecule, and potential byproduct formation will have to be
evaluated on a case-by-case basis. In the case of benzyl alcohol
oxidation, no byproduct formation due to side-reactions with
ferricyanide was observed.

Interestingly, we discovered that the GOase activity depends
heavily not only on the ionic strength of the reaction mixture
but also on the type of buffer applied. A sodium phosphate
buffer turned out to result in significantly higher reaction rates
than any other buffer or salt investigated. This discovery is very
important to keep in mind when designing a process, because
too low a buffer concentration will result in significant activity
reduction. Furthermore, the cost contribution from the buffer
requirements will be significant, unless an efficient recycling of
the reaction medium can be established.

Oxygen Requirements. Oxidases require oxygen, which in
biotechnology traditionally is supplied by bubbling air through
the reactor. The transfer of oxygen from the gas phase to the
liquid phase is notoriously slow due to the low solubility of
oxygen in water under normal operating conditions (0.268
mM, 25 °C, 1 atm air) and hence a low driving force for mass
transfer. The supply of oxygen to the reactor therefore sets an
upper limit to the reaction rates that can be obtained. The
maximum oxygen transfer rate in an industrial scale bioreactor
is typically around 100 mmol/L/h (corresponding to a
volumetric mass transfer coefficient, kja, of approximately
500 h™") when the concentration of oxygen in solution is close
to zero (i.e, maximum driving force) and air is applied for
aeration.”" Stoichiometric amounts of oxygen are required in a
GOase catalyzed oxidation. However, by recycling oxygen via
catalase mediated degradation of the hydrogen peroxide

1586

byproduct the requirements for oxygen can be halved. The
typical industrial scale oxygen transfer rate therefore limits the
maximum volumetric productivity to 200 mmol/L/h, corre-
sponding to 21 g/L/h in the case of benzaldehyde, a value
which is in range with typical requirements for industrial
implementation.”” However, since oxygen is a substrate for the
enzyme the reaction rate depends on the concentration of
oxygen in solution. The Michaelis—Menten constant for
oxygen, Ko, is ®#5 mM for GOase, which is significantly
above the solubility of oxygen at normal operating conditions.
This means that the reaction rate will be almost directly
proportional to the dissolved oxygen concentration, when
operating at, or close to, atmospheric pressure and assuming
saturation of the enzyme with the alcohol substrate. This
reveals a trade-off between an efficient use of the enzyme, that
is, the biocatalyst yield (g product/g enzyme), and a sufficient
oxygen transfer rate to sustain the desired volumetric
productivity (g product/L/h). At low oxygen concentrations
relative to saturation, the oxygen transfer rate will be high,
whereas the specific reaction rate will be low, and vice versa, at
an oxygen concentration close to saturation. This is exemplified
in Figure 9, where the rate of oxygen transfer to the reactor and

400 A
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Oxygen transfer/consumption (mmol/L/h)
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Oxygen concentration (mM)
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sat __

Figure 9. Rate of oxygen transfer to the reactor using air (C}j; = 0.265
mM) or pure oxygen (Cf = 1.27 mM) at two different volumetric
mass transfer coefficients (--) kya = 250 h™' (= — ) kya = 500 h™", and
the enzymatic rate of oxygen consumption at two different Ko as a
function of oxygen concentration. The plot is based on a K, for benzyl
alcohol of 150 mM, a k,, of 50 U/mg CFE, an enzyme concentration
of 500 mg CFE/L and a substrate concentration of 200 mM. The
operating points of the given examples will be the intersections
between the lines, such as the point illustrated by a circle.

oxygen consumption by an enzymatic reaction is depicted as a
function of the concentration of oxygen in solution. The figure
shows the oxygen consumptions for two different values of
K0, and the oxygen transfer rate when bubbling with air or
pure oxygen at two different volumetric mass transfer
coefficients. The operating points for the given examples will
be the intersection of the lines. For GOase with a K, of S mM
the operating point, when using air and a typical industrial scale
k;a value of S00 h™', will be at an oxygen concentration of 0.21
mM (79% air saturation), corresponding to an oxygen
consumption rate of 30 mmol/L/h and therefore a volumetric
productivity of 60 mmol/L/h (or 6.4 g/L/h in the case of
benzaldehyde). At this operating point, the enzyme functions at
a rate corresponding to only 7% of V., at the applied benzyl
alcohol concentration. Hence, the enzyme is severely oxygen
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limited, or in other words, the efficiency is significantly lower
than that which could have been at a higher oxygen
concentration. The effect will be most severe in the beginning
of the reaction, because the apparent K will decrease as the
reaction progresses and the substrate concentration approach
zero.

The above analysis illustrates the importance of Ko to the
performance of oxygen dependent enzymes at industrial scale, a
fact that is often overlooked when developing new biocatalysts.
The key objective from a process engineering point of view is
therefore not only to supply enough oxygen to sustain a desired
productivity but also to supply it at the right oxygen
concentration, which for many oxidases is the highest
concentration possible due to the relatively high K . The
optimal oxygen level will depend on the cost of the biocatalyst
relative to the operating and capital costs of the process.

The oxygen transfer rate can be increased by applying
enriched air (ie, air with higher oxygen content and/or
increased reactor pressure), thereby increasing the driving force
for oxygen transfer by increasing the oxygen saturation
concentration. The incentive to implement solutions to
increase oxygen transfer is 2-fold, because both higher oxygen
transfer rate and dissolved oxygen concentration can be
obtained, thereby potentially increasing both the volumetric
productivity and biocatalyst yield. This benefit has to be
weighed against the added cost from purifying air, increasing
reactor strength and increased safety precautions when dealing
with a higher oxygen partial pressure in combination with
volatile organic compounds.

Biocatalyst Stability. The stability of enzymes may be
significantly reduced when exposed to gas—liquid interfaces,
due to the tendency of protein to unfold when in contact with
the hydrophobic air.”*™** Thus, supply of oxygen by bubbling
with air can pose a problem for oxidase catalyzed reactions.
However, in the case of GOase, deactivation at the gas—liquid
interface is not an issue (Figure 8), and in fact, the enzyme
appears to be activated during the first 9 h of bubbling. The
stability trials were designed to mimic the reaction conditions,
but since they were conducted in the absence of substrate, the
observed stability may be different from the actual stability
during catalysis (i.e., the operational stability). The importance
of determining the stability during catalysis can also be seen
from the experiment with different levels of hydrogen peroxide
(Figure 4a), where it is shown that GOase is not deactivated by
H,0, in the absence of catalytic action. However, during
catalysis, GOase is deactivated within minutes in the presence
of small amounts of H,O,. This indicates that it is the reduced
form of the enzyme that is susceptible to deactivation by H,O,
and not the oxidized form predominantly present in the
absence of an alcohol substrate. Similarly, other deactivation
mechanisms such as oxidation of amino acid side-chains in the
active site by dissolved oxygen may only take place at certain
stages of the catalytic cycle.

B CONCLUSIONS

Benzyl alcohol oxidation catalyzed by galactose oxidase

(GOase) was used as a model system for the investigation of

reaction additive requirements to obtain an efficient bio-
transformation:

e Catalase was necessary to keep the concentration of

hydrogen peroxide, formed as a byproduct, at a minimum

in order to avoid enzyme deactivation. Interestingly,
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GOase was completely stable in the presence of H,O, up

to 10 mM, when not actively catalyzing an oxidation.

e Addition of a single-electron oxidant such as horseradish
peroxidase (HRP) or potassium ferricyanide was
required to regenerate the active site radical upon
decay. 40 U/L of HRP was required to fully activate
GOase added as cell-free extract (CFE), whereas
approximately 300 U/L was needed to fully activate
purified GOase. Potassium ferricyanide was also capable
of activating GOase, and in this case, 10 mM was
required for full activation.

Copper, required in the active site, was loaded into the
enzyme by adding CuSO, to the reaction mixture
containing crude GOase. The optimal concentration
was found to be 15, 25, and 35 uM of CuSO, for 100,
200, and 500 mg CFE/L, respectively.

Buffer type and concentration was found to be essential
for GOase activity, minimum 100 mM of preferably
sodium phosphate bufter pH 7—8 resulted in the highest
activity.

The process aspects of GOase-catalyzed oxidation reactions
were discussed in light of the determined requirements for
additives, the stability of GOase, and the trade-off between
sufficient oxygen transfer and full utilization of the enzyme due
to the high K, for oxygen relative to the solubility of oxygen at
normal process conditions. The resulting reaction parameters
are critical for implementation of GOase in an industrial scale
biocatalytic oxidation process.

B EXPERIMENTAL SECTION

Materials. All reagents used were of the highest grade
available from Sigma-Aldrich (St. Louis, Missouri, U.S.A.).
Catalase with an activity of 3172 U/mg (one unit (U)
corresponds to the amount of enzyme which decomposes 1
umol H,0, per min at pH 7.0 and 25 °C) and horseradish
peroxidase (HRP) with an activity of 145.7 U/mg (Type I) or
261 U/mg (Type IV) (1 U corresponds to the amount of
enzyme that forms 1 mg purpurogallin from pyrogalin in 20 s.
at pH 6.0 and 20 °C) was acquired from Sigma-Aldrich.
Galactose oxidase mutant M;_g from Fusarium NRLL 2903'” as
a cell-free extract (CFE), NADP*, and aldehyde dehydrogenase
(ALDH(003)) were acquired from Prozomix (Haltwhistle,
UK.). GOase M;_; was purified as previously described.'*
Solutions were made using deionized water and fresh enzyme
solutions were made every day.

Purified Enzyme. Liquid-Phase Determination of pH
Optimum. The pH optimum for purified GOase M;_g was
determined in a liquid phase HRP/ABTS coupled assay at 420
nm as previously described.'”*> Activity was measured on a 96-
well plate in triplicate at 30 °C with 10 yL GOase M;_; dilution
in 90 uL reaction mix (containing 0.23 mg/mL HRP and 0.4
mg/mL ABTS in 100 mM sodium phosphate buffer (NaPi) at
the indicated pH levels) and initiated by addition of 100 L SO
mM benzyl alcohol in water. Initial rates were normalized by
protein concentration to calculate specific activities for each
assay condition. 1U corresponds to the amount of enzyme
which converts 1 gmol of substrate per min at pH 7.4 and 30
°C.

Activation of GOase M;_s by HRP. Purified GOase M;_
specific activity for benzyl alcohol was measured in a cuvette at
340 nm by following the production of NADPH from
subsequent oxidation of benzaldehyde to benzoic acid by
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aldehyde dehydrogenase (ALDH(003), Prozomix). The 1 mL
reaction contained 2.5 mg/mL NADPY, 25 mM benzyl alcohol,
0.5 mg/mL ALDH(003), 0.0078 mg/mL GOase M;_;, and
between 0 and 522 U/L HRP in 50 mM NaPi, pH 7.4. The
reaction was initiated by addition of GOase (10 L of 0.78 mg/
mL stock) before measuring at 340 nm. Reactions were
performed in duplicate.

Deactivation of GOase M;_s by H,0, and Protection by
Catalase. The effect of H,0, on the specific activity of purified
GOase M;_g for benzyl alcohol oxidation was measured similar
to the activation by HRP. GOase was incubated at room
temperature in 50 mM NaPi, pH 7.4 in the presence of H,O,
for 10 min in a cuvette. H,O, was either degraded prior to assay
by addition of catalase or allowed to remain in the sample
during the assay. In a third sample series, catalase was added to
remove H,0,, and then additional H,0, was added to bring the
final assay concentration to 10 mM H,O,. This experiment was
performed to equally oxygenate the reaction mix prior to the
assay. The remaining reaction components were added to give a
1 mL reaction containing 2.5 mg/mL NADP", 25 mM benzyl
alcohol, 0.5 mg/mL ALDH(003), 0.0039 mg/mL GOase M;_g
522 U/L HRP (Type IV), 0 or 220 U/mL catalase, and 0—10
mM H,0,. The reaction was initiated by addition of benzyl
alcohol before measuring at 340 nm. Reactions were performed
in duplicate.

Biocatalytic Reactions Comparing GOase Deactivation
versus Inhibition by H,0,. The effect of H,0, on GOase
conversion of benzyl alcohol was measured over time.
Duplicate reactions were performed in 50 mM NaPi, pH 7.4
with 0.01 mg/mL purified GOase M;_s, 25 mM benzyl alcohol,
10% dimethyl sulfoxide, with or without 330 U/L HRP (Type
IV), and with or without 440 U/mL catalase. After 1.5 h,
catalase (to 440 U/mL) was added to two samples that
contained no catalase initially. Aliquots of 25 uL were removed
from each sample in 30 min intervals and extracted into 500 uL
dichloromethane by vortexing. The samples were centrifuged,
and the organic layer was dried over magnesium sulfate.
Filtered samples were analyzed on an Agilent (Santa Clara,
California, U.S.A.) 6850 gas chromatograph system equipped
with an FID. Analytes were separated on an HP-1IMS column
(Agilent) using a temperature gradient held initially at S0 °C
for 4 min, and then ramped up by 25 °C/min to 225 °C. The
retention times for benzyl alcohol and benzaldehyde were 7.46
and 6.67 min, respectively.

Cell-Free Extract. Characterization. GOase content in the
cell-free extract powder was approximated in several experi-
ments. Protein content in the CFE powder was determined
using the Pierce BCA Protein Assay Kit (Life Technologies)
following the manufacturer’s protocol. Band density corre-
sponding to GOase M;_5 on SDS-PAGE was estimated to be
10% of the soluble protein fraction. Purification of GOase M;_;
from § g of CFE using previously published methods'* yielded
200 mg of isolated enzyme. Specific activity of the cell-free
extract was measured in the liquid-phase HRP/ABTS assay
described above, and it was normalized to the concentration of
CFE powder. Peroxidase activity in the CFE was also tested
with this assay by addition of 1, 2.5, or S mM H,0, and ABTS
to the lysate solution (0.25 mg/mL final); however, no activity
was observed. The presence of catalase activity was confirmed
in the CFE by the appearance of bubbles after addition of H,O,
(S mM final) to a solution of 0.05 mg/mL CFE.

Investigation of Reaction Conditions. Experiments with
systematic variation in the concentration of copper sulfate,
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horseradish peroxidase, potassium ferricyanide, and buffers
were carried out in 4 mL vials that were heated to 25 °C and
mixing at 800 min~' in a HLC BioTech thermoshaker
(Bovenden, Germany). The standard reaction conditions
were 50 mM NaPi buffer at pH 7.4, 0.05 mM CuSO,, 875
U/L HRP, 20000 U/L catalase, 100 mg/L CFE GOase, and 25
mM benzyl alcohol, unless otherwise stated. The working
volume was 3 mL in all experiments, thereby leaving 1 mL of
headspace to enable oxygen transfer to the liquid phase.
Samples were taken after 5, 10, and 15 min of reaction by
removing the cap, thereby allowing air to enter the headspace
and hence avoiding complete oxygen depletion. The experi-
ments were performed in duplicate.

Biocatalytic Reaction in an Aerated Reactor. A complete
biooxidation reaction was conducted in a 250 mL reactor
(MiniBio with my-Control) from Applikon Biotechnology
(Delft, Netherlands). The reactor was equipped with a sintered
metal sparger to ensure efficient oxygen supply and two
Rushton turbines for mixing. The reaction conditions were as
follows: 100 mM NaPi buffer at pH 7.4, S0 mM benzyl alcohol,
800 U/L HRP, 50 uM CuSO,, 20000 U/L catalase, 500 mg/L
CFE GOase, 25 °C, 250 min™* stirring, and 1 vvm air sparging.
At regular time intervals samples were withdrawn for analysis.

Stability Experiments. Stability experiments were carried out
in the 250 mL reactors described above with a working volume
of 150 mL. CFE (300 mg/L) was solubilized in 50 mM NaPi
buffer at pH 7.4 and stirred at 250 rpm with or without
aeration, 0.5 vvm air. Samples were withdrawn from the reactor
at regular time intervals, and the residual activity was
determined in 4 mL vials as described above. The residual
activity was determined as the average of three assays.

Analysis. The reaction was stopped by addition of 800 yL 1
M HCI to a 200 pL reaction aliquot. Samples were analyzed on
a Thermo Fisher Scientific (Waltham, Massachusetts, U.S.A.)
Dionex Ultimate 3000 HPLC equipped with a Diode Array
Detector. Analytes were separated at 30 °C on a Phenomex
(Torrance, California, U.S.A.) Kinetex C18 column (S gm, 100
A, 250 X 4.6 mm) using 30% acetonitrile in water with 0.1%
trifluoroacetic acid as mobile phase. Benzyl alcohol, benzalde-
hyde, and benzoic acid were analyzed at 254 nm, and the
retention times were 2.8, 5.4 and 3.6 min, respectively.
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