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Abstract. Designing large-scale stirred bioreactors with performance closely matching the one
achieved in lab-scale fermenters presents continuous challenge. In this contribution, dynamic
modelling of the aerobic biocatalytic conversion process in viscous batch stirred tank reactor is
developed. Its operation is illustrated by simulation of the interaction of fluid flow, mass transfer and
reaction relevant to gluconic acid production by a strictly aerophilic Aspergiluc niger based on a “two-
fluid” model. As a result of this simulation, the velocity fields, the local substrate, dissolved oxygen,
product and biomass concentration profiles were obtained. Constant bubble size and global gas-liquid
mass transfer were assumed. The algorithm employed could be used for fast evaluation procedures
regarding predictions and feedback control of aerobic bioreactor performance.
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1. INTRODUCTION

Stirred gas-liquid reactors are a major challenge in chemical industry. Numerical simulations
can help to get an insight on a fermentation process where cost-saving process optimization
and reactor design improvements are important. Mathematical modeling has been often the
subject to empirical statistical and structural models and rarely the subject to theoretical
models based on the equations of real flow. Following the work of Norman et al. [1] and
Schmalzried and Reuss [2], as well as other CFD reaction engineering studies [3-5], the aim
of the present work is to simulate a bioreactor productive system originating from a Navier-
Stokes resolved flow field and known Contois-type kinetics.

The fermentation of gluconic acid supported by A. niger in a gas-liquid stirred fermenter
has been targeted. The process belongs to the aerobic fermentations representing the dominant
route for manufacturing of gluconic acid at present. So far two strains, i.e. Gluconobacter
oxydans (Velizarov and Beschkov [7] and Nikov et al., [8]) and Aspergilus niger (Znad et al.,
[6]) have been studied. Both cultures are known to require high oxygen demand. The liquid in
the micromyces case is a highly viscous one. The process is typically associated with cell
growth and substrate and product inhibition. Bearing in mind that the task is computer-
intensive, the method of partial solution of the simulated problem combining fluid flow and
component material redistribution in the stirred vessel has been adopted.
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2. NUMERICAL EXPERIMENT

2.1 The prototype system modeled

The simulation analysis was focused on bioproduction of gluconic acid by Aspergilus niger in
a stirred gas liquid fermenter. A semi-technical scale stirred vessel with a standard geometry
D=T/3, tank diameter T = 0.4 m and aspect ratio H/T = 1, where D is impeller diameter and H
is liquid height, was assumed. The configuration was chosen to be close to the conditions in

conventional industrial vessels intended for gas-liquid processing.

Fig. 1 Computer rendition of the bioreactor set-up

2.2 Model equations and assumptions

The model equations employed governing the flow and the material transfer are presented in
Table 1. Index L indicates the liquid (substrate) continuous phase and index G stands for the
oxygen delivering gas dispersed phase. The four components dispersed in the liquid are cell

biomass X, glucose substrate S, dissolved oxygen O, and gluconic acid product P.

Table 1 Basic equations governing momentum and material transport in the case considered
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The kinetic data of Znad et al. (2003) were used and the gluconic acid fermentation process
was described by the following Contois-type model [6]; (different yield/consumption ratios
are considered for different components in the liquid phase):
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The following major assumptions are valid: (1) steady flow field not affected by gas-liquid
mass transfer and reaction, (2) mass transfer performing under a constant specific rate
coefficient condition, i.e. k,a=63 h!, (3) diffusion among the four components in the liquid is
negligible, (4) near-laminar flow or Re<10’ , (5) oxygen transfer at condition of constant
bub3ble size of tiny bubbles ca. I mm, (6) gas is introduced by porous ring distributor at 8
dm’/min.

3.3 Numerical procedure and platform

The computational model contained 3D-grids with a total of up to 320000 mixed tetrahedral
and triangular cells. The mesh of the tank was unstructured, as formulated by MIXSIM 2.0.
Grid refinement around the gas sparger was used. Impeller motion was modeled using the
“inner-outer” solution approach and a single reference frame model (SRF). Referring to the
flow field solution, the number of iterations was ca. 6000 with a second order upwind for
obtaining steady state flow. The number of iterations in the other three stages was a function
of the time step sizeAr, e.g. 21000 iterations were carried out at Az =10s; the biological
reaction delay was 60h.

In order to reduce the dimension of the largely intensive computing task, the simulation
was carried out separately for the flow and the reactive conditions. FLUENT 6 code version
18 [9] was used.

The heterogeneous reaction system was described as a “two-fluid” model. The “Euler-
Euler” approach was utilized.

Referring to the reaction phase, the set of differential equations comprising the detailed
mass balances of the cells, the glucose, the product, and the dissolved oxygen, and the gas
phase oxygen in the bulk were solved simultaneously. The kinetic parameters values used
were taken both from the authors’ own studies and from the literature [6, 8]. The ratios r,,

To,» Ts and r, were implanted as user defined functions (UDF). The time courses of bulk

concentrations of substrates, oxygen, products and biomass with a product inhibition term
have been resolved.

The computational platform comprised a PC 2.4 Ghz and 1 Gb RAM. In order to reduce
the time-scale of the computer-intensive task, partial computer analysis in four stages of



simulation was adopted (see Table 2): stage 1 of gas-liquid fluid flow and steady-state
achievement, stage 2 of liquid-phase oxygen saturation, stage 3 of culture injection and
spread, and stage 4 — the biological reaction.

Table 2 Time-table of stage evolutions

Stage 1 2 3 4

Operation Two-phase DO saturation Cell sample Biological
steady state injection and reaction
spread
. . - . . 60h
Number of iterations/ = 6000 - . a few iterations
time delay iterations =20 min = =
21000 iterations

a few seconds

3. RESULTS AND DISCUSSION

In parallel to the four stages above, the following results were obtained.

Initially, the flow equation system was resolved and a steady flow field was obtained. The
field of the local velocity vector obtained for the liquid and the gas phase is illustrated in Figs.
2(a) and 2(b), respectively.
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Fig.2 Fields of local velocity vectors and contours of velocity magnitude for the liquid (a) and the gas(b) phases.
It should be noted that the general type of radial primary discharge in the impeller zone
coupled with secondary subsurface circulation in the sub-surface area observed for Rushton



turbines is confirmed. At this stage, the liquid phase component concentrations were 150g/
dm’® of substrate, 4.5 mg/dm’ of dissolved oxygen, 1 mg/ dm® of product and 0 mg/ dm® of
culture.

Further, the procedure of oxygen saturation has been switched on and oxygen transfer has
been simulated, as registered by volume-weighted average dissolved oxygen concentration
time-course in Fig. 3(a). The dissolved oxygen (DO) concentration increased from 4.5 mg/L
to ca. 8 mg/dm’. At the end of this stage, complete mixing and uniformity of DO
concentration was ensured, as registered in Fig. 3(b).
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Fig. 3 Dissolved oxygen saturation time-course (a) and contour plot (b).

Then, the culture has been injected in the medium near the impeller at an initial mean
concentration of 0.2 g/dm3, as illustrated in Fig. 4(a) and has been homogenized almost
completely, as illustrated in Fig. 4(b)

b
Fig.4 Culture injection (a) and spread (b) in the bioreactor (g/L)

The biochemical reaction process is illustrated in Fig.5 following the fourth stage and the
end of fermentation. Both cell growth and gluconic acid accumulations are illustrated by time-



courses in Figs. 5(b) and 5(d). The production process is accompanied by substrate and
dissolved oxygen uptake illustrated by the curves in Figs. 5(a) and 5(c), respectively. The
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Fig.5 Components’ spatial distribution and the relevant time-courses following 60 h fermentation for the glucose
substrate (a) the biomass (b), the dissolved oxygen (c) and the gluconic acid (d)

simulation terminated at zero substrate concentration that was reached in the 60" hour. The
final component distributions are presented by the contour plots in the figure. Evidently from
these plots, all components were completely mixed and showed no spatial concentration
gradients, e.g. the differences were within or even less than 10™" g/dm”.

The simulation data in Figs. 5(a)-(d) were compared with laboratory results obtained for
the same system by Znad et al (2004)[6]. These authors used a mechanically stirred bioreactor
in two versions volumes of 2 and 5 dm® and recommended using the kinetic model of COntois
for the reaction. In the reference experiment, the bioreaction has been stopped following 58 h
fermentation. Znad et al. reported oxygen concentrations profiles between.6 andl mg/dm’.
These data compare well with our delivered range, e.g. 6.5 mg/dm’ through 1 mg/dm’. The
gluconic acid production in both cases varied between zero and 70-80 g/dm’. The biomass
and substrate concentrations were also compared and lied within compatible ranges, e.g.
between zero and 8-10 d/ dm’ and between 150 g/dm’ and 40 g/dm”, respectively.

It should be noted that while varying the global &, a value in the range 45-80 h', the k,a

effect on the kinetic parameters remained negligible.



4. CONCLUSION

An advanced analysis of a bioreactor system involving a Navier-Stokes based model has been
accomplished. The model allows a more realistic impeller induced flow image to be combined
with the real Contois bioreaction kinetics. The general time-course of gluconic acid
production supported by Aspegilus niger in real time of a 60 hour-fermentation run has been
simulated at kinetic conditions proposed by Znad et al.(2004). The simulation is based on the
approach of separate solution of the mixing flow field and the mass transfer and reaction
based on the assumption of a stationary flow field that is not affected by mass transfer and
reaction. Preliminary tests of the results against real data by reference show good qualitative
prediction potentials of the model. As a CFD-based bioreactor solution, the simulation
requires increased computational effort, however, renders a multiple output versatile for
further post-processing analyses and optimization avoiding the enormous effort, time and
resources required for experimental work.

NOMENCLATURE

D impeller diameter, m

N impeller speed, s

Re impeller Reynolds number, pND*/u

T tank diameter, m

a volume fraction in Eqs.(1)-(8)

p density (kg.m'3 )

\% velocity (m.s™)

p pressure (Pa)

g gravity

o1 growth-associated product formation coefficient in Eq.(13).

B non growth-associated product formation coefficient, h™'

Y growth-associated parameter of substrate uptake in (Eq. 11);
substrate mass consumed per biomass mass grown

) oxygen uptake parameter in Eq.(12); oxygen mass consumed per
biomass mass grown

A non-growth-associated substrate uptake parameter in Eq.(11);
substrate mass consumed per biomass mass grown, h”'

M specific growth rate, h™'

Mm maximum specific growth rate, h™

(0] oxygen uptake parameter in Eq.(12); oxygen mass consumed per
biomass mass grown per hour

L stands for liquid

G indicates gas

CFD  computational fluid dynamics
DO dissolved oxygen

GA gluconic acid

UDF  user defined function
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